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Er bestaat een paradox tussen enerzijds de veelzijdige en complexe onderlinge 
samenhang van de fysische verschijnselen en chemische processen in een 
wervelbedreaktor en anderzijds de betrekkelijke eenvoud van de modellen 
waarmee deze verschijnselen en processen (veelal) onafhankelijk van elkaar 
worden beschreven. 

Een sluggend fluide bed bestaat uit twee duidelijk onderscheidbare delen met 
verschillende aanwezigheidswaarschijnlijkheden van de vaste stof. Het beddeel 
boven de bedhoogte bij minimale fluldisatie kan beschouwd worden als een 
grote 'splash zone' waar de aanwezigheidswaarschijnlijkheid in axiale 
richting sterk afneemt t.g.v. een verdunningseffect [1]. Bij de keuze van de 
plaats van continue aftap van sorbentmateriaal in een FBC-installatie moet 
rekening worden gehouden met dit fluid dynamisch gedrag van het bed. Wanneer 
de vaste stof onderhevig is aan segregatie, dient de sorbentaftap gekozen te 
worden beneden of boven de bedhoogte bij minimale fluldisatie afhankelijk van 
de aard van de segregatie van het sorbentmateriaal ('jetsam' of 'flotsam'). 

[1] Dit proefschrift. 

De enige juiste manier voor het vaststellen van de wijze van gasdoorstroming 
en gasoverdracht tussen fasen In een fluide bed is het experimenteel bepalen 
van de axiale en radiale concentratieprofielen in zowel de bellen als de 
dichte fase in het bed [1). Het toepassen van theoretische reactormodellen, 
met behulp waarvan de discriminatie tussen verschillende gasdoorstromings-
mogelijkheden (zoals 'ISTR' of '(dispersed) plug flow'; 'fast bubble' of 
'slow bubble') geschiedt op grond van alleen de concentratie aan de uitgang 
van de reactor [2], moet worden afgewezen. 

[1] Almstedt, A.-E. and Ljungstrom, E.B., Proc. 9th Int. Conf. on FBC. volume 
1, 575-585, Boston, USA, May 3-7, 1987. 

12] Van der Looij, J.M.P., Proc. Int. Svmp. on Multiphase Flows. ISMF 1987. 
volume 1, 19-27, Zhejlang University, Hangzhou, People's Republic of 
China, August 3-5, 1987. 
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Voor de uitvoering van representatieve zwavelretentie-experimenten tijdens 
stationaire bedrijfstoestand in een FBC-installatie vormt het een essentiële 
voorwaarde dat een meting niet eerder wordt uitgevoerd dan na een periode van 
ten minste 5 maal de gemiddelde sorbentverblijftijd. Als criterium voor het 
bereiken van de stationaire toestand moet daarbij niet gehanteerd worden het 
constant zijn van bijv. de gemiddelde bedtemperatuur en/of gassamenstelling 
(zoals veelvuldig in de praktijk wordt toegepast), maar veeleer het constant 
zijn van de gemiddelde samenstelling van het sorbentmateriaal in het bed. 

Van den Bleek, C.M. and Schouten, J.C., Written comment on Proc. 9th Int. 
Conf. on FBC. Boston, USA, May 3-7, 1987 (to be published by the Amer. Soc. 
Mech. Eng. (ASME)); Delft, June 3rd, 1987. 

In de zwavelretentiemodellering is het gebruik van eenvoudige (empirische) 
kinetiekrelaties voor de sulfatatiereactie essentieel voor het verkrijgen van 
een eenvoudig en inzichtelijk model ([1] en [2]). Wanneer deze relaties 
echter niet correct worden toegepast in zowel de vaste-fase balans als de 
gas-fase balans, worden weliswaar eenvoudige doch incorrecte vergelijkingen 
verkregen voor de zwaveldoorbraakconcentratie en de molaire calcium/zwavel-
verhouding in de reactorvoeding ([3] en [4]). 

[1] Schouten, J.C. and Van den Bleek, C.M., Shorter Communication submitted 
for publication to Chem. Eng. Sci., 1986. 

[2] Schouten, J.C. and Van den Bleek, C.M., Proc. 9th Int. Conf. on FBC. 
volume 2, 749-761, Boston, USA, May 3-7, 1987. 

[3] Zheng, J., Yates, J.G. and Rowe, P.N.. Chem. Eng. Sci.. 22 (2), 167, 
1982. 

[4] Noordergraaf, I.W., PhD Thesis. Department of Chemical Engineering and 
Chemistry, Delft University of Technology, The Netherlands, 1985. 

Bij het ontwerpen van een fluide-bed-reaktor verdient het aanbeveling om de 
toepassing van een 'konisch' gevormde reaktor te onderzoeken. In een derge
lijke reaktor worden de verschillende verschijnselen en processen in het bed 
simultaan beïnvloed door de gelijktijdige verandering in axiale richting van 
de beddiameter, de H/D-verhouding en de superficiële gassnelheid. 
In de wervelbedverbranding van steenkool biedt een konische reactor de vol
gende voordelen: verbetering van de zwavelretentie door vergroting van de 
gasverblijftijd [1]; afname van segregatie t.g.v. de toenemende beddiameter 
[2]; vergroting van het koolverbrandingsrendement door vermindering van 
fines-elutrlatie; afname van NOx-vorming d.m.v. getrapte verbranding in een 
'sandwiched B-A' fluïde bed [3]. 
Een 'serieschakeling' van reaktordelen met verschillende diameters biedt In 
dit kader eveneens aantrekkelijke mogelijkheden. 

[1] Ulerich, N.H., Newby, R.A. and Keairns, D.L.. Report EPRI CS-3330. 
Project 1336-1. 5-6/5-7, Westinghouse Electric Corporation, Research and 
Development Center, Pittsburgh (PA), USA, December 1983. 

[2] Dit proefschrift. 
[3] Masson, H.A. and Stievenart, Ph., Lezing gepresenteerd op WUB werkgroep 

bijeenkomst, Universiteit Twente, Enschede, 18 september 1987. 
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7. De mate van zwavelretentie in een fluide-bed-verbrandingsinstallatie kan niet 
voortdurend toenemen door vergroting van de hoeveelheid aktief sorbent 
materiaal in het bed. Dit houdt in dat bij een bepaalde maximale CaO-
omzetting niet altijd een beduidende toename van de zwavelretentie bij een 
constante (Ca/S)-verhouding kan worden verkregen door het gebruik van een 
ander sorbent materiaal met een grotere maximale CaO conversie. 

Dit proefschrift. 

8. De beweging van de vaste fase in een fluïde bed wordt meestal beschreven met 
het verschijnsel 'dispersie', dat gebaseerd is op de willekeurige beweging 
van de deeltjes (bijv. het één-dimensionale dispersie model van Taylor [1]). 
Deze aanpak is vergelijkbaar met de diffusie van molekulen in een gas, welke 
gerelateerd is aan een concentratiegradiënt. Op dezelfde wijze wordt de 
dispersie van deeltjes gerelateerd aan een verschil in deeltjesconcentratie 
in het bed. Een aannemelijke fysische verklaring voor deze beschrijving van 
het deeltjestransport is niet voorhanden. Het is beter de beweging van vaste 
stof in een fluïde bed te beschrijven met een twee-fasen model waarbij er 
deeltjesuitwisseling plaats vindt tussen omhoog- en omlaaggerichte convec-
tieve stromen van vaste stof [2], 

[1] Avidan, A. and Yerushalmi, J., AIChE J., 31 (5), 835, 1985. 
[2) Schouten, J.C., Masson, H.A. and Van den Bleek, C.M., Proc. Int. Svmp. on 

Multiphase Flows. ISHF 1987. volume 1, 237-243, Zhejiang University, 
Hangzhou, People's Republic of China, August 3-5, 1987. 

9. Bij de bestudering van de chemische en/of intrinsieke kinetiek van een batch 
gas-vast-reactie op laboratoriumschaal is de keuze van de reactor van 
wezenlijk belang. In het algemeen geldt de regel dat deze reactie ook moet 
worden bestudeerd in het type reactor waarin op praktijkschaal het proces 
wordt uitgevoerd. De aard van de gas-vast-menging in deze reactor bepaalt 
niet de grootte van de chemische/intrinsieke reactiesnelheid (want kinetiek 
en hydrodynamica vormen uiteraard onafhankelijke systeemeigenschappen), maar 
kan wel van invloed zijn op de grootte van de conversie van verschillende 
vaste-stof-deeltjes op hetzelfde tijdstip in de reactor en daarmee op de 
vereiste complexiteit van de te hanteren kinetische relaties. 

Dit proefschrift. 

10. De algemene toepasbaarheid van een mathematisch fysisch/chemisch model ten 
behoeve van wetenschappelijke en/of industriële (proces)technologische 
toepassing wordt bepaald door drie factoren welke, in volgorde van belang
rijkheid, gegeven zijn als: 
1. de eenvoud van het gebruik van het model; zowel ten aanzien van de 

berekening van de fysisch/chemische modelparameters, als ten aanzien van 
de vereiste (numerieke) berekeningsmethode; 

2. de mogelijkheid tot experimentele toetsing en nauwkeurige kwantitatieve 
validatie van het model; 

3. de mogelijkheid tot en de betrouwbaarheid van de modelmatige opschaling 
van laboratoriumgegevens naar pilot-plant of grootschalige toepassingen. 
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11. De overtuigingskracht welke spreekt uit een politieke redevoering is voor
namelijk gelegen in een afgewogen toepassing van de uitspraak van Einstein 
dat "everything should be made as simple as possible, but not simpler". 

12. Corrosiebestrijding in de agrarische sector vraagt om aktie; rust roest ook 
in de landbouw! 

Schouten, J.C., Landbouwmechanisatie, 34 (5), 551-553, 1983. 
Schouten, J.C. en Gellings, P.J., TH&MA, Extern kwartaalblad THTwente, 9, 18-
21, Juli 1983. 

13. Bedrijven en instellingen die thans niet deelnemen aan de trend om meer 
vrouwen aan te trekken voor leidinggevende funkties, zullen daarvan in de 
toekomst hinder ondervinden in hun relaties met partners, concurrenten en 
klanten. 

IA. De instelling van een Corrosie Informatie Transfer Punt ten behoeve van de 
agrarische sector is zeer gewenst. 

Schouten, J.C., Report Steel/Sem.10/R.4 (34 pages), Steel Committee of the 
Economie Commission for Europe (ECE) of the United Nations Organization 
(UNO), Geneva, Switzerland, January 1984. 
Schouten, J.C., Metaal&Techniek, 29 (6), 40-42, 1984. 
Schouten, J.C., Metaal&Techniek. 29 (7), 28-31, 1984. 

15. Grappige stellingen bestaan niet: als grappig bedoelde stellingen zijn 
meestal flauw, ver gezocht, vervelend of irritant en bovendien vaak 
stilistisch onnodig ingewikkeld. 

16. De 'corrosiebeschermingsfactor' en de 'corrosie conditie' vormen bruikbare 
grootheden bij de technisch-economische analyse van corrosiekosten en 
mogelijke besparingen [1], zowel voor afzonderlijke bedrijven als voor totale 
bedrijfstakken [2]. 

[1] Schouten, J.C. and Gellings, P.J., Br. Corros. J., 19 (4), 159-164, 1984. 
[2] Schouten, J.C. and Gellings, P.J., J. Agr. Engng. Res.. 36, 217-231, 1987. 

17. Het niveau, de kwaliteit en de werkwijze van de Nederlandse volksvertegen
woordiging moeten worden verbeterd door: 
a. uitbreiding van het aantal leden der Tweede Kamer van 150 naar 250; 
b. afschaffing van de Eerste Kamer; 
c. het wijzigen van het parlementslidmaatschap van een 'volledige' in een 

'deeltijd' functie: volksvertegenwoordigers moeten naast de functie van 
parlementslid andere politieke en/of maatschappelijke betrekkingen 
vervullen; bijvoorbeeld in het bedrijfsleven, de vakbond, het openbaar 
bestuur, de financiële wereld, het onderwijs, het wetenschappelijk onder
zoek, de gezondheidszorg, de land- en tuinbouw enz. 

d. een aanzienlijke vergroting van de bereidheid van oud-bewindspersonen om 
na het minister- of staatssecretarisschap voor een periode van ten minste 
vier jaren deel uit te maken van het parlement. 
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Extended Ep3teln - Helsenberg P r i n c i p l e . 

In a R&D o r b i t , only two of the e x i s t i n g th ree 
parameters can be defined simultaneously. These 
parameters a re : t a sk , time and resources . 

1. If one knows what the task i s , and there i s a 
time l im i t allowed for the completion of the 
t a sk , then one cannot guess how much i t wil l 
cos t . 

2. If the time and resources are c l ea r ly 
defined, then i t i s impossible to know what 
part of the R&D task wi l l be performed. 

3 . I f one i s given a c l ea r ly defined R&D goal 
and a d e f i n i t e amount of money which has been 
ca lcu la ted to be necessary for the completion 
of the t a sk , one cannot predic t if and when 
the goal wi l l be reached. 

If one i s lucky enough and can accura te ly define 
a l l three parameters , then what one dea ls with 
i s not in the realm of R&D. 

( i n : Arthur Bloch, Murphy's Law Complete - a l l 
the reasons why everything goes wrong, Methuen 
London Ltd . , Great Br i t a in , 1985.) 
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SUMMARY 

A key feature of fluidized bed coal combustion (FBC) is the possibility 
of the in-situ removal of the sulfur, by natural or synthetic sorbents, which 
is released from the burning coal. However, the consumption of the sorbent 
should be maintained at a reasonably low level in order to reduce the solid 
waste disposal as well as to achieve an acceptable cost of energy relative to 
conventional technologies. These considerations, together with others (like 
the interaction between S0X- and NOx-removal), make clear that much research 
on its environmental performance is still needed before FBC 'comes of age'. 

The research described in this thesis is predominantly focussed on two 
subjects, which are both related to the removal of sulfur during F3C: 

1. the modeling of sulfur retention, and 
2. the motion of particles in slugging gas fluidized beds. 

1. the modeling of sulfur retention (chapter 2). 

Starting from an evaluation of retention models given in literature a 
simple analytical SUlfur REtention (SURE) model is described which can be 
used for the prediction and optimization of sulfur retention during FBC. 

The SURE model is based on a simple approach to the sulfation kinetics: 
the sorbent sulfation rate is first order in the SO, (or S03) concentration 
and first order in the reactive sorbent surface area. Two-phase plug flow as 
well as one-phase Ideally mixed gas flow are considered. 

The decrease of the desulfurizatlon efficiency during staged combustion 
as well as the temperature-dependency of the sulfure capture process can 
theoretically be explained by the formation of S03 as a gaseous intermediate 
reactant in the sorbent sulfation reaction. 

The model provides analytical equations for the dimensionless sulfur 
outlet concentration in case of unsteady state sulfation and for the molar 
calcium to sulfur ratio in the reactor feed during steady state operation; 
the latter being a function of fluid bed reactor conditions, coal and sorbent 
properties, and the stoichiometric in-bed air ratio. 

The SURE model shows good agreement with experimental data obtained from 
the literature. It is argued that the sorbent residence time is an important 
system parameter, which importance is generally neglected during sulfur 
capture experimentations in pilot-plants. 

Finally, the retention Index is introduced which is a useful parameter 
for optimization of the retention performance of a combustor. The index 
facilitates the choice of an appropriate action in the minimization of the 
calcium to sulfur feed ratio (e.g. change of particle size or superficial gas 
velocity). 



2. the motion of particles In slugging gas fluidized beds (chapter 3). 

The particles applied in FBC systems are generally B- or D-type of 
powders and differ significantly in size and density (coal, ash, sorfcent). 
Their fluidization behaviour Is strongly influenced by the presence of 
closely packed internals as heat exchanger tubes. Consequently, the 
fluidization is mostly of the slugging type and shows remarkable agreement 
with the mode of fluidization ir. relatively small diameter fluid beds. 

Therefore slugging, particle mixing and segregation are investigated In 
small dimeter beds C.l to 15 cm ID) with two different ntal 
techniques: abrupt defluidization and a radio-active tracer technique. 

The slugging fcfd.3 are characterized by dimensionless slug parsreeters 
which are obtained from visual bed height measurements. It is observed that 

• --.csec slugging is likely to occur at Hm«./t-rat ios of tr.or? than ü. The 
distance between two su Ive pas slugs is found to b< Ir • pendent of ras 
velocity, while the average length of solids slugs equals about 80' to more 
than 901 of the bed height at minimum fluidization. 

The extent of segregation increases with a larger H^j./0-ratio, a smaller 
bed diameter and a decreasing gas velocity. However, at a gas velocity of 
-•:-• times ■:■ Izatlor velocity still a significant degree of 
segregation is measured. Based on experimentations it is further suggested 
that segregation becor.es nil beyond a critical value of the bed diameter 
(about 23 cr, at a Hmf/C-ratlo of 2 and an excess gas velocity of 0.3 m/s). 

Finally, dynamic radio-active tracer experiments are rreserted, which 
clearly show that a slugging bed consists of two regions: above and below the 

-' -' r, of the ted height at rir-imum fluidization. The Influence is shown of 
the axial bed position, the gas velocity and the Hmf/D-ratio on the particle 
velocity, on the probability of changes in the direction of the particle's 

lacement and en its presence probability. 

The observed decrease of the presence probability along the bed height In 
a single-component bed is defined as 'solids dilution' and is explained by a 
balance of the drag force and gravity force acting on the particle. 

Based or. these observations a general model for the motion of solids in 
slugging gas fluidized beds is introduced. The mechanism of solids motion Is 
based on convective and dispersive solids flows which differ in magnitude in 
the upper and lower part of the bed. 

A comparison between the experimentally observed normalized presence 
probability of the tracer and the fitted solids concentration according to 
the model shows a good agreement which Is further applied for a diagnostic 
evaluation of solids motion in slugging gas fluidized beds. 

http://becor.es


SAMENVATTING 

Een wezenlijke eigenschap van wervelbedverbranding van steenkool (WBV) 
vormt de mogelijkheid om de zwavel die vrijkomt bij de koolverbranding in-
situ te vangen m.b.v. een natuurlijk of synthetisch sorbent materiaal. Het 
verbruik van dit sorbent moet echter in een aanvaardbare omvang worden 
gerealiseerd om enerzijds de vast-afval problematiek te beperken en om 
anderzijds een acceptabel niveau van energiekosten te verkrijgen In 
vergelijking met conventionele energietechnologieën. Deze overwegingen 
tezamen met anderen, zoals de Interactie tussen SO - and HO -verwijdering, 
maken duidelijk dat nog veel onderzoek ten aanzien van de milieuaspecten 
nodig is alvorens WBV als een 'volwassen' technologie kan worden aangemerkt. 

Het onderzoek beschreven in dit proefschrift is voornamelijk gericht op 
twee onderwerpen, welke belde betrekking hebben op de verwijdering van zwavel 
tijdens wervelbedverbranding van steenkool: 

1. de modellering van zwavelretentle, en 
2. de beweging van deeltjes in sluggende, gas-gefluTdiseerde bedden. 

1. de modellering van zwavelretentle (hoofdstuk 2). 

Uitgaande van een evaluatie van retentiemodellen in de literatuur, wordt 
een eenvoudig, analytisch model beschreven dat kan worden gebruikt voor de 
voorspelling en optimalisatie van zwavelretentle tijdens WBV. Dit model Is 
gebaseerd op een eenvoudige benadering van de sulfatatiekinetiek: de sorbent 
sulfatatiesnelheid is eerste orde in de S02 (of S03) concentratie en eerste 
orde in het reactieve sorbent oppervlak. Zowel twee-fasen propstroming als de 
èèn-fase ideaal geroerde tank worden beschouwd. 

De afname van de ontzwavelingsefficiency tijdens getrapte verbranding en 
de temperatuurafhankelijkheid van het zwavelvangstproces kunnen theoretisch 
worden verklaard met behulp van de vorming van S03 als gasvormig tussen-
produkt in de sorbent-sulfatatiereactie. 

Het model biedt analytische vergelijkingen voor de dimensieloze zwavel-
concentratie tijdens niet-stationaire sulfatatie en voor de molaire calcium-
zwavel verhouding in de reactorvoeding tijdens stationaire operatie; de 
laatste is een functie van reactor condities, van kool- en sorbent-
eigenschappen en van de stoichiometrische luchtverhouding in het bed. 

Het model toont goede overeenstemming met experimentele gegevens uit de 
literatuur. Aangetoond wordt dat de sorbentverblijftijd een belangrijke 
systeemgrootheid is, welke In het algemeen wordt veronachtzaamd tijdens 
zwavelvangstexperimenten in (kleinschalige) proefopstellingen. 

Ten slotte wordt de retentie-index geïntroduceerd, welke een bruikbare 
grootheid vormt voor de optimalisatie van de mate van retentie in een 
verbrandingsinstallatie. De index vergemakkelijkt de keuze van een geschikte 
aktie m.b.t. de minimalisatie van de molaire calcium-zwavel verhouding (bijv. 
verandering van de deeltjesgrootte of de superficiële gassnelheid). 



2. deeltjesbeweging In sluggende gas-gefluldlseerde bedden (hoofdstuk 3). 

De deeltjes die toegepast worden in WBV-systemen zijn doorgaans B- of D-
type poeders en verschillen aanzienlijk in grootte en dichtheid (kool, as en 
sorbent). Hun fluTdisatiegedrag wordt sterk bernvloed door de aanwezigheid 
van de dichtgepakte warmtewisselaarpijpen in het bed (schijnbare beddiameter 
van ongeveer 10 cm). Dientengevolge wordt de fluldisatie meestal gekarakteri
seerd '-oor 'slugging' en toont opvallende gelijkenis met de wijze van fluldi-

:r. wervelbedden van relatief kleine Inwendige diameter. 

Daarom zijn slugging, deeltjesmenging en segregatie in kleine bedden 
(3.5 tot 15 cm ID) onderzocht met behulp van twee verschillende experimentele 

:eken: abrupte defluidisatie en een radio-aktieve tracer techniek. 

De sluggende bedden worden gekarakteriseerd door dimensieloze slugpara-
meters, welke worden verkregen m.b.v. visuele bedhoogtemetingen. Getoond 
wordt dat 'square-nosed slugging' optreedt bij Hmf/D-verhoudingen groter dan 
■i. De afstand tussen twee opeenvolgende gasslugs is onafhankelijk van de 
gassr.-rlr.eid, terwijl de gemiddelde lengte van de deeltjesslugs ongeveer 80* 

IfS r.eer dan 90* var. de bedhoogte bij minimale fluldisatie bedraagt. 

De mate van segregatie neemt toe met een grotere H^/D-verhouding, een 
- . -r.ere beddiameter en een afnemende superficiële gassnelheid. Bij een 
gassnelheid van driemaal de minimale fluldisatiesnelheid wordt echter nog 
steeds een significant niveau van segregatie gemeten. Op grond van experimen
ten wordt verondersteld dat segregatie nihil wordt boven een kritieke grootte 
van de beddiameter (ongeveer 23 cm bij een Hmf-/D-verhouding van 2 en bij een 
gassnelheid van 0.3 m/s boven de minimale fluidisatlesnelheid). 

Vervolgens worden dynamische radio-aktieve tracer experimenten gepresen
teerd, welke duidelijk aantonen dat een sluggend bed bestaat uit een tweetal 
delen: onder en boven de positie van de bedhoogte bij minimale fluldisatie. 
De invloed wordt getoond van de axiale positie in het bed, de superficiële 
gassnelheid en de H ../D-verhoudlng, op de deeltjessnelheid, op de waarschijn-
1 ijkheid van een verandering in de richting van de deeltjesverplaatsing en op 
de aanwezigheidswaarschijnlijkheid van het tracerdeeltje. 

De waargenomen afname van de aanwezigheidswaarschijnlijkheid langs de 
bedhoogte in een bed van een enkelvoudige component, wordt gedefinieerd als 
'deeltjesverdunning' en wordt verklaard met behulp van een evenwicht tussen 
de 'meesleurkracht' en de zwaartekracht welke op een deeltje werken. 

Gebaseerd op deze waarnemingen wordt een algemeen model voor de beweging 
van deeltjes in een sluggend, gas-gefluldiseerd bed geïntroduceerd. Het 
mechanisme van deeltjesbeweging is gebaseerd op convectleve en dispersieve 
vaste-stof stromen, welke verschillen in grootte in het bovenste en onderste 
deel van het bed. 

Een vergelijking tussen de experimenteel waargenomen genormaliseerde 
aanwezigheidswaarschijnlijkheid van de tracer en de 'gefitte' deeltjes
concentratie volgens het model tonen een goede overeenstemming, welke verder 
wordt gebruikt voor een evaluatie van deeltjesbewegingen in sluggende bedden. 



CHAPTER 1: INTRODUCTION and SCOPE of THESIS 

1.1 The D.U.T. research on FBC 

The research on sulfur retention during the fluidized bed combustion of 
coal at the Department of Chemical Engineering and Chemistry at the Delft 
University of Technology (D.U.T.) started in March 1980. The program is 
presently managed by prof. drs. P.J. van den Berg and ir. C M . van den 
Bleek. 

The research was carried out from January 1980 to March 198" by PhD 
student ir. I.W. Noordergraaf (graduated May 1985). Noordergraaf started the 
work on sulfur capture during fluidized bed combustion of coal with use of a 
synthetic sorbent material. Further he paid attention to the external mass 
transfer phenomena and the fluid dynamical behaviour of large particles. 

This work was continued in January 1984 and in August 1981 respectively 
by the PhD students ir. J.C. Schouten (financially supported by the 
Netherlands Research Organization STW) and ir. P.J.M. Valkenburg. A new 
aspect in the research program was the study with use of thermal analytical 
techniques of the release of sulfur during the combustion of coal. 

In April 1986 a research project on the regenerative sulfur retention 
during FBC was started being financially supported by the Commission of the 
European Communities and the Netherlands Management Office for Energy 
Research PEO. Two PhD students have been appointed for the synthesis and 
testing of sorbent materials and for the design of a sorbent-regenerator 
(ir. A.E. Duisterwinkel and ir. E.H.P. Wolff). 

1.2 Overview of the research work: list of publications 

The work of the present author has predominantly been focussed on three 
topics in the D.U.T. research program: 

1. the release of sulfur during coal combustion, 
2. the retention of sulfur during the fluidized bed combustion of coal, 
3. the motion of particles In slugging gas fluidized beds. 

A collection of 14 papers has been written on these respective topics of 
the D.U.T. research program. The author of this thesis is first author of 11 
papers and co-author of 3 papers. Some of these papers have already been 
published in conference proceedings or journals, while others have been 
submitted or accepted for presentation at conferences or publication in 
journals: 
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journals -published: 2 papers 
-accepted for publication: i paper 
-submitted for publication: ^ papers 

conferences -published in proceedings: 6 papers 
-submitted for presentation: 1 papers 

First, a list of these publications is given together with a short 
abstract of the papers so as to provide a comprehensive overview of the 

• r's work. Further, Id the next section of this chapter, it is indicated 
what the general scope of the present thesis will be and which papers 
therefore have been included in this thesis. 

List of publications: 

J_. the release of sulfur during coal combustion 

1.1 Schouten, J.C., Hakvoort, C , Valkenburg, P.J.M, and Van den Bleek, 
CM., "An Approach with Use of EGA to the Mechanism of Sulfur Release 
during Coal Combustion", Proc. 10th Nordic Symp. and Joint Nordic-
English Sytnp. on Thermal Analysis and Calcrimetry, Bergen, Norway, 
Augu3t 20-22, 1985; in: Thermochimica Acta, JW, 171-178, 1987. 

In this paper a reaction scheme for the release of sulfur from pyrite 
(FeS2) in coal is presented. The decomposition of pyrite is a complicated 
process composed of several overlapping reactions. The reaction scheme is 
verified by thermogravimetric experiments with combustion of pyrite, FeS, 
coal and coal with additions of pyrite. The results are in good qualitative 
agreenent with the proposed reaction scheme. 

1.2 Schouten, J.C., Blommaert, F.Y., Hakvoort, C. and Van den Bleek, C.M., 
"A Thermal Analytical Study on the Release of Sulfur during Coal 
Combustion", Proc. iq°7 Int. Conf. on Coal Science, Maastricht, The 
Netherlands, October 26-30, 1987; in: Coal Science and Technology 11, 
J.A. Moulijn, K.A. Hater and H.A.G. Chermin (Eds.), 837-81*0, Elsevier. 
Amsterdam, 1987. 

In this second paper thermal analytical experiments with relatively high 
heating rates (up to 70 °C/min) ire presented. X-ray diffraction is used to 
determine the composition of specific samples at the end of relevant sulfur 
release peaks. The reaction products of pyrite combustion are FeS. ., FeS 
and Fe203. FeSO» is not detected as such, however it can occur as an 
intermediate reaction product. Seperate coal devolatilizatlon and subsequent 
char combustion experiments are carried out with three coal types with 
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di f fe ren t sulfur compositions in order to determine the d i s t r i b u t i o n of 

su l fur over v o l a t i l e s and char . The main conclusion i s tha t in case of th ree 

d i f f e ren t coal types a l l organic sulfur i s released during coal 

d e v o l a t i l i z a t i o n , while p y r i t i c sulfur i s predominantly re leased during the 

combustion of the char . 

1.3 Schouten, J . C . , Ingwersen, M.J. and Van den Bleek, C.M., "The Release of 
Sulfur from a Batch Addition of Coal to a Fluid Bed", Proc. 1987 I n t . 
Conf. on Coal Science, Maastr icht , The Netherlands, October 26-30, 1987: 
in : Coal Science and Technology 11, J .A. Moulijn, K.A. Nater and H.A.G. 
Chermin (Eds . ) , 811-8114, E l sev le r , Amsterdam, 1987. 

In the l a s t paper In t h i s s e r i e s batch-wise sulfur r e l ease experiments 
a re presented which a re ca r r ied out In a 5 cm ID diameter l abora to ry-sca le 
f luidlzed bed. In case of one coal type i t Is confirmed tha t the organic 
sulfur i s re leased during coal d e v o l a t i l i z a t i o n , while p y r i t i c sulfur i s 
oxidized during char combustion. In case of another coal type a d i f fe ren t 
type of behaviour was found. 

2 . the r e t e n t i o n of su l fur during the f lu id lzed bed combustion of coal 

2.1 Schouten, J . C . , Singh, P .C. , Valkenburg, P.J.M, and Van den Bleek, C.M., 
"Sulfur Release and Capture in Fluidized Bed Coal Combustion: A Review", 
submitted for publ ica t ion In Chem. Eng. Res. Des. , 1986. 

In t h i s review paper some Important var iables that determine sulfur 
r e l ease are discussed as coal d e v o l a t i l i z a t i o n , the pos i t ion of sulfur 
generat ion and the effect of bed var iab les as temperature and excess a i r . 
The advantages of s y n t h e t i c , regenera t ive sorbents a re discussed v i s . a . v i s 
the more commonly ava i l ab le na tura l sorbents as limestone or dolomite . The 
ef fec ts of a d d i t i v e s , hydrat ion, NO - i n t e r a c t i o n and freeboard are 
summarized, together with var iab les affect ing sulfur capture as the (Ca/S) 
r a t i o , p a r t i c l e s i z e , temperature, gas ve loc i ty , pressure , e t c . Further the 
review provides a summary of 22 typica l experimental s tud ies on sulfur 
capture during FBC as well as an overview of typ ica l sulfur r e t e n t i o n models 
in l i t e r a t u r e . 

2.2 Hakvoort, C , Van den Bleek, CM., Schouten, J .C . and Valkenburg, 
P.J.M., "TG Study of Sorbent Mater ia ls for Desulfurizat ion of Combustion 
Gases a t High Temperature", Proc. 10th Nordic Symp. and Jo in t Nordic-
English Symp. on Thermal Analysis and Calorlmetry, Bergen, Norway, 
August 20-22, 1986; in : Thermochimlca Acta, 111, 103-108, 1987. 
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A thermogravimetrie study is summarized on the su l fa t lon and 
regeneration of CaO-irapregnated a-Al20, (pel le ts) which is a synthetic 
sorbent that is used in the D.U.T. research program. 

2.3 Schouten, J.C. and Van den Bleek, C.H., "A C r i t i ca l Remark on the Use of 
Semi-empirical Models for Desulfurlzatlon ir. Fluid Bed Coal Combustion", 
Shorter Communication submitted for publication in Chem, Eng. S c i . , 
1986. 

In th is paper some serious concerns are brought forward with respect to 
the correct appl icat ion of simple (semi-empirical) su l fa t lon k inet ic 
equations in sulfur retention models as given in the l i t e ra tu re . I t is 
i l l us t ra ted that two su l fa t ion models in l i te ra tu re are fundamentally 
incorrect, because the mass conservation laws are not correct ly appl ied. 

2.1 Schouten, J.C. and Van den Bleek, C.M., "The D.U.T. SURE model: A Simple 
Approach in FBC Sulfur Retention Modeling", Proc. 9th In t . Conf. on 
Fluldized Bed Combustion, volume 2, 7^9-761, Boston, USA, May 3-7, 1987. 

A simple mathematical sulfur retent ion (SURE) model is described that 
can be used for the prediction and optimization of the retent ion of sul fur 
during FBC. Start ing from an evaluation of retention models ir. l i t e ra tu re 
th is model is based on a simple approach to the su l fa t ion k inet ics : the 
sorbent su l fa t ion rate is f i r s t order in the gaseous sul fur concentration as 
wel l as in the reactive sorbent surface. The model provides a simple 
analy t ica l expression for the molar (Ca/S) ra t i o in the reactor feed as a 
function of the required level of sul fur retention in the bed, the maximum 
CaO u t i l i z a t i o n of the sorbent and a dimensionless model parameter: the 
retention parameter. 

2.5 Schouten, J.C. and Van den Bleek, C.M., "Prediction and Optimization of 
Sulfur Retention in the Fluldized Bed Combustion of Coal: the D.U.T. 
SURE model", submitted for publ icat ion in Chem. Eng. S c i . , 1987. 

In th is paper a non-steady state modeling approach is added to the 
steady state approach as is outl ined in the previous paper. Hereto relat ions 
are derived for the gaseous sul fur out let concentration (sul fur break
through) as a function of the dimensionless breakthrough time in the case of 
unsteady state combustor operation due to a batch addit ion of sorbent or a 
sul fur step input on a bed containing a f ixed amount or sorbent. The CaO 
conversion and the sul fur out let concentration are compared with l i t e ra tu re 
data from which the su l fa t ion k inet ic reaction rate parameter is calculated. 



2.6 Valkenburg, P.J.M., Singh, P.C., Schouten, J.C. and Van den Bleek, C.M., 
"Sulfat ion Studies in a Fixed Bed Reactor on Synthetic Sorbents for 
Possible Use in the Regenerative Sulfur Capture Process in Fluidized Bed 
Combustion of Coal", Proc. 9th I n t . Congr. on Chemical Engineering, 
CHISA 1987, Prague, Czechoslovakia, August 30 - September H, 1987. 

A f ixed bed sorption study is presented in which the SURE model approach 
as outl ined in the previous papers is used to describe the non-steady state 
su l fa t ion of the synthetic sorbent (paper 2.2) in a f ixed bed reactor. The 
influence of oxygen on the rate of su l fa t ion is explained by the formation 
of the intermediate reactant SO,. In order to f i t the data the model is 
extended to describe the su l fa t ion at two d i f ferent reactive surfaces, which 
have kinet ic reac t iv i t ies towards S03 uptake which d i f f e r an order in 
magnitude. 

2.7 Schouten, J.C. and Van den Bleek, C.M., "The Influence of Oxygen-
Stoiehiometry on Desulfurization during FBC: A Simple SURE Modeling 
Approach", submitted for presentation at the 10th I n t . Symp. on Chemical 
Reaction Engineering, ISCRE 10, Basle, Switzerland, August 29 -
September 1, 1988. 

In the last paper of th is series the influence of oxygen-stoichiometry 
on the desulfurizat ion ef f ic iency in a FBC combustor i s discussed. The 
effect of a decreasing sul fur removal at low oxygen concentrations (at low 
in-bed ai r ra t ios) is explained by the formation of SO,. The steady state 
SURE model is extended and now provides an analyt ical equation for the 
(Ca/S) ra t i o which is also a function of the coal properties and of the i n -
bed stoichiometric a i r r a t i o . 

3. the motion of par t ic les in slugging gas f lu id ized beds 

3.1 Schouten, J.C., Valkenburg, P.J.M, and Van den Bleek, C.M., "Segregation 
in a Slugging FBC Large Par t ic le System", accepted for publ icat ion in 
Powder Technology, 1987. 

Segregation and slugging experiments are presented which have been 
carried out at ambient conditions with a binary large par t ic le system 
representing the ash-coal/sorbent mixture in a f l u i d bed combustor. The 
slugging beds are characterized by dimenslonless slug parameters which are 
obtained from visual bed height measurments. The influence of the 
superf ic ia l gas ve loc i ty , the bed diameter and the bed aspect r a t i o on the 
extent of segregation is investigated. A simple segregation model is 
introduced which is based on a mechanism of segregation in slugging gas 
f lu id ized beds that is proposed being based on experimental observations. 
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3.2 Schouten, J.C., Masson, H.A. and Van den Bleek, C.M., "A Model for the 
Segregation of Large Particles in Slugging Gas Fluldlzed Beds", Proc. 
Int. Symp. on Multiphase Flows, ISMF 1987, volume 1, 237-2«3, Zhejiang 
University, Hangzhou, People's Republic of China, August 3-5, 1987. 

In this paper a simple approach is given to the modeling of segregation 
in (round- and square-nosed) slugging beds. The segregation mechanism is 
based on a segregative upwards flow of particles In the particle slug, a 
convective downwards flow of particles in the gas slug, together with 
particle dispersion of particle exchange between the particle and gas slug. 
The dispersion coefficients calculated with the model as a function of the 
superficial gas velocity and of the bed diameter are well in agreement with 
the equation derived by Thiel and Potter. 

3.3 Schouten, J.C., Masson, H.A. and Van den Bleek, C.M., "The Motion of 
Particles in a Slugging Gas Fluldlzed Bed", submitted for publication in 
Powder Technology, 1987. 

An experimental study is presented with the objective to investigate 
with a dynamic radioactive tracer technique the movement of sorbent 
particles In a one- and two-component 10 cm ID fluid bed. Information is 
obtained on the presence probability of the tracer particle as a function of 
the bed height, the frequency of passage of the tracer at a given level, the 
probability for a direction change, the magnitude of the up- and downward 
velocities of the tracer as a function of the bed height and on the random 
diffusion- (or dispersion-) like character of the particles trajectories. 
This information is applied to obtain a qualitative description of the 
mechanism of particle motion in these systems. Furthermore, a general model 
for the motion of particles in slugging fluldlzed beds is formulated based 
on this mechanistic description. 

3.U Valkenburg, P.J.M., Schouten, J.C. and Van den Bleek, C.M., "The Non-
Steady State Segregation of Particles in Gas Fluldlzed Beds", Proc. 5th 
Eng. Found. Conf. on cluidlzation, Elsinore, Denmark, May 18-23, 1986; 
in: Fluidization, (Eds. K. Sstergaard and A. Sdrensen), Engineering 
Foundation, New ïork, 193-200, 1986. 

In the last paper of this series a modeling approach is given on the 
non-steady state segregation of particles. It is shown that a pulse-like 
input of slightly denser tracer particles results in a significant maximum 
in the particle distribution curve. This maximum can be described with a 
non-steady state model equation which is based on the segregation model as 
Introduced In paper 3.1. 
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1.3 Overview of the thesis 

A selection of four papers has been included in the present thesis (see 
section 1.2: papers 2.5, 2.7, 3.1 and 3.3); th is selection consists 
predominantly of papers which have not been published so far and which 
provide a comprehensive and character ist ic overview of the authors work on 
the modeling of sulfur retention during FBC and the motion of part ic les in 
gas f lu id ized beds. 

The selected four papers are presented in two chapters. In chapter 2 
predominantly the modeling of sulfur retention during the f lu id ized bed 
combustion of coal w i l l be considered. In chapter 3 the results obtained on 
di f ferent aspects concerning the motion and hydrodynamics of par t ic les in 
gas f lu id ized beds w i l l be discussed. The main subjects considered are 
slugging, segregation and mixing. 

Each respective chapter begins with an introduction in which a short 
overview is given of the subject and the papers which are presented in that 
speci f ic chapter. 

Furthermore, in the last section of each chapter some comments on a l l 
the papers (including those not printed in th is thesis) are added, in order 
to increase their coherence or to supply some extra information so as to 
enlarge the general understanding. Sometimes a formula or expression in a 
comment may be a l i t t l e d i f f i c u l t to understand without having read the 
or ig ina l paper; however, the comments have been wri t ten in such a way that 
the general 'message' which i t contains can easily be understood. 

The notation applied in the respective papers and comments is explained 
in one overal l notation l i s t which is given at the end of the thesis. This 
is also the case with the references mentioned in the papers and comments 
which are gathered in one overal l l i s t . 

F ina l ly , i t should be noticed that the present text of the papers, as 
they are inserted in the respective chapters In th is thesis, might d i f fe r 
sometimes a l i t t l e from the text of the or ig ina l papers which have been 
submitted for publ icat ion. Pr inc ipal ly , th is has been done in order to 
increase the mutual s ty le and form; consequently, no fundamental al terat ions 
have been included. 
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CHAPTER 2: SULFUR RETENTION during FLUIDIZED BED COMBUSTION of COAL 

2.1 Int roduct ion 

This chapter gives an impression of the t h e o r e t i c a l work which has been 
ca r r ied out by the author on the der iva t ion of a mathematical model for the 
desc r ip t ion of sulfur r e t en t ion during the f lu id ized bed combustion of c o a l . 
No experimental r e s u l t s wil l be presented or discussed other than those 
ava i l ab le in the l i t e r a t u r e : these experimental data are predominantly 
applied to va l ida te the proposed r e t en t ion model. 

In the f i r s t paper (chapter 2.2) a simple mathematical sulfur r e t e n t i o n 
(SURE) model i s described which can be used for the predic t ion and 
opt imizat ion of the r e t en t ion of sulfur during FBC. S t a r t i n g from an 
evaluat ion of r e t en t ion models in l i t e r a t u r e t h i s model i s based on a simple 
approach to the su l f a t lon k i n e t i c s : the sorbent su l f a t ion r a t e i s f i r s t 
order in the gaseous sulfur concent ra t ion , and f i r s t order in the r eac t ive 
sorbent sur face . The model provides a simple ana ly t i ca l expression for the 
molar (Ca/S) r a t i o in the reac tor feed as a function of a. the required 
level of sulfur r e t e n t i o n in the bed, b . the maximum CaO u t i l i z a t i o n of the 
sorbent , and c . a dimensionless model parameter: the r e t en t ion parameter. 
Furthermore r e l a t i o n s are derived for the gaseous sulfur reac tor o u t l e t 
concentrat ion (sulfur breakthrough) as a function of the dimensionless 
breakthrough time in the case of unsteady s t a t e combustor operat ion due to a 
batch addi t ion of sorbent or a su l fur s t e p input on a bed containing a fixed 
amount of sorbent . The CaO conversion and the sulfur o u t l e t concentrat ion 
are compared with l i t e r a t u r e data from which the su l f a t ion k i n e t i c r eac t ion 
r a t e parameter i s c a l cu l a t ed . 

In the second paper (chapter 2.3) the influence of oxygen-stoichiometry 
on the desul fur iza t ion eff ic iency i s d i scussed . The ef fec t of a decreasing 
sulfur removal at low oxygen concentra t ions (a t low in-bed a i r r a t i o s ) i s 
explained by the formation of SO, as a gaseous intermediate r eac tan t in the 
s u l f a t i o n r eac t ion . The steady s t a t e SURE model i s extended and now provides 
an ana ly t i ca l equation for the (Ca/S) r a t i o which i s a l s o a function of the 
coal proper t ies and of the ln-bed s to ich lomet r i c a i r r a t i o . A good q u a l i t a 
t i v e agreement with l i t e r a t u r e data i s repor ted . Furthermore the Importance 
of the sorbent res idence time with respec t t o model va l ida t ion i s discussed. 
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2.2 PREDICTION and OPTIMIZATION of SULFUR RETENTION 
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PREDICTION and OPTIMIZATION of SULFUR RETENTION 

i n t h e FLUIDIZED BED COMBUSTION of COAL: 

the D.U.T. SURE model 

J . C . Schouten and C M . van den Bleek 

SUMMARY 

In t h i s paper the D.U.T. SU(lfur)RE(tention) model i s described which i s a 
simple mathematical model tha t can be used for the pred ic t ion and 
opt imizat ion of the r e t en t ion of sulfur during the f lu id ized bed combustion 
of c o a l . S t a r t i n g from an evaluat ion of r e t en t ion models given in l i t e r a t u r e 
the SURE model i s based on a simple approach to the s u l f a t l o n k i n e t i c s : the 
sorbent su l f a t ion r a t e i s a. f i r s t order in the gaseous sulfur component 
concent ra t ion , and b . f i r s t order in the r e a c t i v e sorbent su r f ace . The f lu id 
dynamical part of the SURE model i s based on the two-phase theory of 
f l u i d l z a t i o n with plug flow of ga3 In the bubble phase and an Idea l ly mixed 
dense phase. Also the case of a high gas exchange between both phases i s 
considered r e s u l t i n g in a one-phase i dea l ly s t i r r e d tank model. In the case 
of steady s t a t e combustor operat ion the one-phase SURE model provides a 
simple ana ly t i ca l expression for the molar (Ca/S) r a t i o in the r eac to r feed 
as a function of a . the required l eve l of su l fur r e t e n t i o n in the bed, b . 
the maximum CaO u t i l i z a t i o n of the so rben t , and c . a dimenslonless model 
parameter: the r e t e n t i o n parameter. The one-phase SURE model i s compared 
with su l f a t lon experiments derived from the l i t e r a t u r e in order to check I t s 
general v a l i d i t y . A parameter s e n s i t i v i t y ana lys i s i s given form which the 
r e l a t i v e importance of the respec t ive (dimenslonless) model parameters I s 
deduced. F i n a l l y , the r e t en t ion index i s introduced which i s a parameter 
tha t i s very useful for the judgement of the sulfur r e t en t ion performance of 
the combustor. I t can be used to optimize both the f lu id bed operat ing 
condit ions and the sorbent p roper t i e s in order to obtain the minimum 
possible (Ca/S) r a t i o at a s p e c i f i c required level of su l fur r e t e n t i o n . 

1 . INTRODUCTION 

1.1 Sulfur r e l e a s e and capture during FBC 

Fluidized beds are used for many d i f f e ren t chemical engineering 
a p p l i c a t i o n s . One of these i s the production of energy from coa l , although 
t h i s technique I s s t i l l under development and many problems concerning the 
fundamentals of f l u i d l z a t i o n , combustion, gas t r a n s f e r , heat exchange e t c . 
have to be solved yet (LaNauze, 1985). 

One of the advantages of the f lu id ized bed coal combustion technique i s 
the p o s s i b i l i t y of the i n - s i t u removal of the sulfur re leased from the coal 
by the addi t ion of a na tura l sorbent mater ia l (l imestone or dolomite) or a 
s y n t h e t i c so rben t . Much research has been ca r r i ed out in t h i s f i e l d , 
experimentally as well as t h e o r e t i c a l l y : a comprehensive l i t e r a t u r e review 
on sulfur r e l ease and capture in the f lu id ized bed combustion of coal i s 
provided by Schouten et a l . (1986). 
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They concluded that in general 25Ï to 60? of the sulfur in coal is 

released with the volatiles; the absolute percentage Increases with 

increasing temperature and is probably not dependent on total volatile 

yield. In general more than 90? of the sulfur in volatiles is present as 
H2S. The major port ion of the v o l a t i l e su l fur i s re leased near the coal feed 
po in t , while the remaining su l fur i s re leased during subsequent char 
combustion in the bed. 

I t i s c lear tha t under oxidizing circumstances in the bed the sulfur i s 
predominantly re leased in the form of su l fur dioxide which o r i g i n a t e s from 
the combustion of the organic and p y r i t i c su l fur (FeS2) in the c o a l . In 
general i t can be assumed tha t the r a t e of r e l e a s e of sulfur from coa l , a t 
high combustion r a t e s as prac t i sed in f lu id bed combustion, i s l i n e a r l y 
dependent on the r a t e of coal combustion (Schouten e t a l . , 1986; Schouten 
e t a l . , 1987c). A reac t ion scheme for the r e l ease of sulfur from pyr i t e in 
coal i s given by Schouten et a l . (1987c). 

In a reducing atmosphere i t i s poss ib le tha t a l so hydrogen su l f ide and 
COS are emitted, where H2S for example o r i g i n a t e s from the r eac t ion of 
hydrogen with the p y r i t e in coal : 

FeS2 + H2 -> H2S + FeS 

The formation of these reduced sulfur species i s of importance in the 
mul t i - s t age sub-s to ich iomet r i c f lu id bed coal f i r i n g which may be necessary 
in order to reduce the NO -emission s i g n i f i c a n t l y (as for example in the 
l imestone in j ec t ion mul t is tage burner LIMB of the U.S. Environmental 
Protec t ion Agency; Borgwardt e t a l . , 198*1). 

In general lime of fe rs the p o s s i b i l i t y of the capture of sulfur in the 
case of S02 as well as of the reduced sulfur species H2S and COS (Simons and 
Rawlins, 1980; Borgwardt et a l . , 1984) according t o the following r e a c t i o n s : 

CaO ♦ S02 + ' / 2 0 2 -» CaSO, 

CaO ♦ H2S -» CaS + H20 

CaO ♦ COS ■» CaS + CO, 

I t i s important to notice tha t in the case of hydrogen su l f i de capture 
the calcium u t i l i z a t i o n can reach 100$ when i n i t i a l p a r t i c l e po ros i t i e s are 
g rea te r than k2% (Simons and Garman, 1986), while the maximum conversion in 
the once-through use of l ime-sorbent in the case of S02 capture i s general ly 
smaller than 15% due to the difference in the molar volumes of the 
respec t ive r eac t ion products , which inf luences the occurence of pore 
plugging. Further Simons and Rawlins (1980) concluded tha t any procedure 
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which u t i l i z e s limestone removal of SO, i s p o t e n t i a l l y capable of removing 
H,S at approximately the same r a t e . 

So lime-based sorbents can be used in oxidiz ing as well as reducing 
a tmosferes . However, the capture of H2S and COS instead of S02 may have 
important impl ica t ions for the research on the regenera t ive removal of 
sulfur by na tura l and syn the t i c sorbent ma te r i a l s as present ly ca r r i ed out 
In The Netherlands at the Delft Universi ty of Technology and Twente 
Universi ty (Kamphuis et a l . , 1987). 

So i t i s concluded tha t the type of su l f a t ion process g rea t ly inf luences 
the optimum use of the sorbent m a t e r i a l . However, a l so other phenomena and 
parameters are of great importance for the pred ic t ion and opt imizat ion of 
sulfur r e t e n t i o n in f luid bed coal combustion. Here we can think of for 
example reactor operat ing conditons l i k e the (Ca/S) r a t i o or the s u p e r f i c i a l 
gas ve loc i ty , but a l so sorbent p roper t i e s as pore volume and p a r t i c l e s i z e 
(Schouten et a l . , 1986). In t h i s paper i t i s t r i e d to e s t ab l i sh which 
parameters and phenomena a re important and in what way they can eventual ly 
be influenced to obtain an optimum high level of sulfur r e t e n t i o n in a f lu id 
bed combustor. 

1.2 Sulfur r e t en t ion modeling 

One useful way t o determine the most important parameters that inf luence 
the su l fa t ion performance of a f luid bed coal combustor i s to obtain a 
mathematical reactor model which descr ibes the main chemical and physical 
phenomena. A de ta i l ed ana lys i s of model ca l cu la t ion r e s u l t s , together with a 
model parameter s e n s i t i v i t y a n a l y s i s , wil l in many cases give useful ins ight 
in the su l f a t ion process . 

At l e a s t «0 overa l l r iu id ized bed coal combustion system models have 
been published in l i t e r a t u r e . The majority of these models has been reviewed 
by Olofsson (1980), Park et a l . (1980), LaNauze and Jung (1982) and LaNauze 
(1985). These reviews are based on a summary of the basic model assumptions. 
However, these summaries are e s s e n t i a l l y point by point comparisons of the 
various models, r a the r than c r i t i c a l assessments of the models 's p red ic t ive 
c a p a b i l i t i e s or a cce s sab i l i t y (Pre to , 1985). 

LaNauze (1985) concludes tha t in general the models meet only with 
l imi ted succes in t he i r a b i l i t y to predic t combustion performance, carbon 
loading or gas concentrat ion and temperature p r o f i l e s . The accuracy with 
which some c r i t i c a l parameters are known or can be estimated i s not g r ea t , 
which allows reasonable va r ia t ion in p red ic t ions by adjus t ing parameters 
such as the cross-flow f ac to r , bubble s ize or chemical r a t e . Preto (1985) 
adds t o t h i s tha t the ava i l ab l e models are In some cases overcomplicated, 
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with the inclusion of i r relevant minutae, and in other cases too 

rudimentary, with the exclusion of important factors. 

In most cases the va l id i t y of these overall system models can be 
questioned as for example is demonstrated for the sul fur retention 
prediction of the MIT system model (Molayem et a l . , 1982). However, also 
comprehensive models have been developed (e.g. Wells et a l . , 1982), which 
are reasonably accurate, but these are also quite complicated and require 
s ign i f icant computing f a c i l i t i e s . 

I t is remarkable that only a few models as reviewed by LaNauze (1985) 
incorporate sulfur release as well as sulfur capture. Therefore eight 
typical f l u i d bed retention models have been l i s t ed in Table 1 which showed 
a reasonable to very good agreement between the calculated prediction of the 
sul fur capture ef f ic iency and experimental combustor data (Ho et a l . (1986) 
presented only model calculations based on experimental data). I t is 
remarkable that the modeling of the su i fa t lon process in only two of the 
models summarized in Table 1 is based on a fundamental st ructural gas-solid 
reaction model (see Ramachandran and Doraiswamy (1982) for a comprehensive 
review of these models). Many workers have used these type of models for the 
modeling of the sul fur retention reaction of calcium oxide and sul fur 
dioxide In other types of reactors (as d i f f e ren t i a l reactors or 
thermobalances). 

The common gas-solid reaction models which have been in use so far are 
the k inet ic model (for example Borgwardt (1970) and Borgwardt and Harvey 
(1972)), the grain model (Ishida and Wen, 1971; Wen and Ishida, 1973; Ranade 
and Harrison, 1979), the pore model (Ramachandran and Smith, 1977; Georgakis 
et a l . , 1977; Chrostowskl and Georgakis, 1978; Georgakis et a l . , 1979; Dogu, 
1981; Bhatia and Perlmutter, 1981; Chrlstman and Edgar, 1983; Bhatia, 1985; 
Simons and Carman, 1986) and the volume reaction model (Fan et a l . , 1977; 
1978; 1981)). 

One major disadvantage of the application of structural gas sol id 
reaction models to overal l f l u i d bed combustion system models Is mentioned 
by Fieldes (1979), Lee and Georgakis (1981), Fee et a l . (1983) and Dennis 
and Fieldes (1986). They argued that detailed reaction models that take in to 
account changes of st ructural sol id properties are highly non-l inear. 
Therefore i t is very d i f f i c u l t to Incorporate them easily in to f l u i d 
dynamical models of a f lu id ized bed combustor without resort to excessively 
long computer calculations for each size of stone in the feed. This w i l l 
espcial ly hold for the mathematical modeling of the unsteady state sul fur 
release and absorption of sul fur from a batch addit ion of coal and/or 
sorbent mater ial . Such a rigorous analysis of the S02 or H2S/COS su i fa t lon 
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Table 1: Overview of typ ica l f lu id bed sulfur r e t e n t i o n models, which show 
good agreement with experimental combustor data; 

(see for descr ip t ion Table 2 ) . 

Author(s) 

Be the l l et a l . 
(1973) 

Chen and Saxena 
(1977) 

Raj an et a l . 
(1978) 

Raj an and Wen 
' l v - 0 ) 

Lee et a l . (1980) 
Lee and Georgakis 
(1981) 

Zheng et a l . 
(1982) 

Fee et a l . 
(1983) 

Fee et a l . 
(1984) 

Ho et a l . 
(1986) 

A 

1 

3 

2a 

2a 

2b 

2b 

2c 

2e 

2c 

B 

■ 

1 

2 

2 

3 

? 

3 

3 

1 

C D E F G H 

1/yes 1*2 3a yes/2 no 2 

1 1/yes 

2/yes 

2/yes 

1/no 

1/no 

1/no 

1/no 

1/no 

♦2 3b yes/2 no 2 

la yes no 2 

►3 l a 

2*3b 

2*3c 

2*3b 

2+3b 

lb 

yes 

-.'. 

r.c, 

nc 

nc 

yes 2 

no 1 

no 

no 1 

yes 1 

no 2 

Schouten and 
Van den Bleek 
( t h i s work) 

2c 1/no 3c"J no 

Table 2: Descript ion of typ ica l f lu id bed su l fur r e t e n t i o n models 
as summarized in Table 1. 

A. Fluid bed model. 

1) One phase model. 
2a) Two phase bubbling bed model, clouded bubbles; bubble phase and 

emulsion phase; bubble s ize dependent on bed height ; minimum 
f l u l d i z a t l o n condit ions in the emulsion phase; gas exchange between 
bubble and emulsion phase i s ax i a l l y d i s t r ibu ted (compartments in 
s e r i e s model). 

2b) Two phase bubbling bed model; bubble phase and emulsion phase; 
average bubble s i z e ; minimum f l u l d i z a t l o n condit ions in the emulsion 
phase; average gas exchange c o e f f i c i e n t . 
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Table 2 continued . . . 

2c) Two phase bubbling bed model; bubble phase and emulsion phase; 
average bubble s i z e ; minimum f l u i d i z a t i o n condi t ions in the emulsion 
phase; gas exchange between phases i s uniform or non-uniform 
according t o fas t and slow bubble regimes. 

3) Three phase bubbling bed model: bubble, cloud-wake and emulsion 
phase; bubble s i z e i s dependent on bed height ; minimum f l u i d i z a t i o n 
condit ions in the emulsion phase; gas exchange between phases i s 
based on average bubble volume. 

B. Gas flow p a t t e r n . 

1) Plug flow of gas in a l l phases. 
2) Mixed flow in a l l phases . 
3) Plug flow in bubble phase; emulsion phase well mixed. 

C. Sol ld3 flow. 

1) Solids i dea l ly mixed ( in emulsion phase) . 
2) Sol ids well mixed in a number of compartments. 
3) Solids diameter d i s t r i b u t i o n i s considered: yes / no. 

D. Sulfur r e l e a s e . 

1) Sulfur r e l ease r a t e i s proport ional to coal (char) combustion r a t e (or 
coal feed r a t e ) . 

2) Sulfur r e l ease i s not uniform over the bed he igh t . 
3) Sulfur r e l ease during d e v o l a t l l i z a t i o n i s considered and i s taken 

temperature dependent. 

E. Sulfur cap ture . 

1a) Grain model of Wen and Ishida (1973) i s used to c a l c u l a t e l imestone 
r e a c t i v i t y . 

1b) Grain model of Hartman and Coughlir. (1976) i s used. 
2) Semi-empirical su l fur capture k i n e t i c equation i s used. 
3) Kinet ic r a t e data obtained from: 

a) fixed bed labora tory experiments; 
b) thermogravimetric ana lys i s ; 
c) f lu id bed batch experiments. 

1) Sul fa t ion r a t e i s l i n e a r proport ional to r eac t ive sorbent su r f ace . 

F. E l u t r l a t l o n . 

1) E l u t r i a t i o n i s considered: yes / no. 
2) Reci rcula t ion of e l u t r i a t e d p a r t i c l e s . 

G. Freeboard. 

1) Freeboard sulfur r e t en t ion i s considered: yes / no. 

H. Model complexity. 

1) Simple ana ly t i ca l expressions a re appl ied . 
2) More complex (numerical) ca l cu la t ions are needed. 



reaction results in mathematical expressions that are too complicated for 
pract ical engineering appl icat ions. 

Further Fieldes (1979) concluded that using a computer to solve 
equations describing par t ic le su l fa t ion also divorces the user sometimes 
Trom physical r ea l i t y , as he i l l u s t r a ted clear ly with two mistakes in the 
appl icat ion of sol id reaction models in l i t e ra tu re . In one case he showed 
that s t i l l reasonable f i t s of so l id conversion against time were derived in 
the work of Hartman and Couglin (1976) with an Incorrect value of the 
ef fect ive surface rate constant forcing the adjusted effect ive product 
d i f fus ion coef f ic ient to a rather low value ( th is was also noticed by Simons 
and Rawlins (1980) who suggested that the d i f fus ion coef f ic ient was a factor 
20 to low). 

Consequently, another important disadvantage of the structural gas-solid 
reaction models is that they require thorough knowledge of par t ic le 
properties as pore size d is t r ibu t ion and grain diameter that are strongly 
stone dependent, as well as physical constants as the so l id di f fusion 
coef f ic ient which are extremely d i f f i c u l t to determine experimentally. So 
Tar the so l id-s tate di f fusion coef f ic ient of SO, through a nonporcus layer 
of CaS0„ was obtained by adjusting i t i n a pore or grain model. A 
comprehensive summary of the d i f f us l v l t y estimates as obtained by di f ferent 
authors is given by Marsh and Ulrichson (1985). 

However, i t must be noticed that the disadvantages as mentioned above of 
course do not detract from the conceptual contr ibution of the fundamental 
gas-solid reaction models to the basic understanding of the influence of the 
sol ids structure (grains and pores) on the overal l reaction ra te . 

To avoid the possible extensive computation as well as the problem of 
experimental determination of physical constants or so l id properties, a more 
recent trend in the f l u i d bed modeling of sul fur retent ion is based on the 
experimental observation that the decay in the overal l solids conversion can 
easily be f i t t e d by an exponential, reciprocal or other type of empirical 
re la t ion (see Table 1). These models provide simple analyt ical expressions 
for the sul fur retention as a function of the molar (Ca/S) ra t i o that can 
easily be applied to real combustors ( for example Lee et a l . , 1980; Lee and 
Georgakls, 1981; Zheng et a l . , 1982; Fee et a l . , 1983; Fee et a l . , 1981; 
Noordergraaf et a l . , 1985; Dennis and Fieldes, 1986). The sorbent parameters 
in these models, which describe the su l fa t ion k inet ics , are obtained either 
from thermogravlmetrlc analysis data (e.g. Fee et a l . , 1983; 1981) or from 
batchwise su l fa t ion experiments in f l u i d beds (Zheng et a l . , 1982; 
Noordergraaf et a l . , 1985; Dennis and Fieldes, 1986). However, seme c r i t i c a l 
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remarks can be made to the experimental approaches and fundamental 

cor rec tness of some of these models (Schouten and Van den Bleek, 1986). 

In general i t can be concluded tha t the use of a simple (semi-empirical) 

descr ip t ion of the complicated su l f a t ion r eac t ion i s very promising, 

e spec ia l ly in the modeling of sulfur r e t en t ion in f lu id bed combustors, 

where c e r t a i n l y the urgent need for p r a c t i c a l engineering models i s present . 

2 . THE SURE MODEL 

2.1 Sul fa t ion k i n e t i c term 

Therefore in t h i s paper a f lu id bed SUlfur REtention (SURE) model i s 
presented in which the su l f a t ion k ine t i c term i s based on two simple 
assumptions: the sorbent su l f a t ion r a t e ( i . e . the r a t e of decrease of 
r eac t ive sorbent surface) i s f i r s t order in the gaseous sulfur (S02 or 
H2S/COS) concentra t ion and f i r s t order in the r eac t ive sorbent su r f ace . 

After the work of Borgwardt (1970) the f i r s t assumption has been 
general ly applied in several su l f a t ion s tud ies on the capture of S02 with 
l ime. Recently a l so Marsh and Ulrichson (1985) showed in a de ta i l ed 
su l f a t ion study t h a t between 7U0 and 930 °C the r eac t ion i s c l ea r ly f i r s t 
order in SO,; fur ther they repor ted , j u s t as Borgwardt (1970) and other 
workers, t ha t above 7^0 "C the S02 capture i s zero order in oxygen. Simons 
and Rawllns (1980) and Simons and Carman (1986) showed tha t the same 
assumptions hold a l so for the capture of H2S; fur ther they determined the 
i n t r i n s i c H2S reac t ion r a t e a t one-half of the S02 r a t e . 

The second k ine t i c model assumption i s based on the fact that the 
su l f a t ion r a t e ceases due to the decrease of the r eac t ive surface area and 
eventual ly due to an a l t e r n a t i v e deac t iva t ion mechanism l i k e the plugging of 
pores and the associated l o s s in in te rna l surface area (see e . g . Simons and 
Carman, 1986). 

2.2 Choice of f lu id dynamical reac tor model 

The k ine t i c term has to be f i t in to a f lu id dynamical reac tor model. The 
choice of the type of f lu id dynamical reac tor model i s s t rongly dependent on 
the mode of f l u i d i z a t i o n and gas t r anspor t t h a t i s present i n f lu id bed coal 
combustors. A correc t model choice can only be made when model 
discr iminat ion can be ca r r ied out based on ccmbustor data on the axia l 
concentrat ion prof i l es in the bubble phase as well as in the emulsion phase. 
Experimental data on t h i s matter are very l imi ted which makes i t r a t h e r 
d i f f i c u l t to choose the correc t f lu id dynamical model for the gas t ranspor t 
in coal combustors. Therefore model discr iminat ion can in most cases only be 
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performed baaed on the reactor out let concentration. Especially i n the case 
of sulfur retention th i s is d i f f i c u l t , because generally combustor data 
demonstrate a s ign i f icant scatter which is sometimes in the order of the 
difference between calculated outcomes of d i f ferent models. 

In general one has to decide between plug flow of gas in the reactor or 
ideal ly mixed flow; secondly, one can eventually dist inguish two gas phases 
(bubble phase and emulsion phase) with either uniform mass transfer between 
these phases (corresponding to a slow bubble regime) or non-uniform mass 
transfer (corresponding to a fast bubble regime). Further, i n the s i tuat ion 
of the two-phase model one has to decide between plug flow or ideal ly mixed 
flow ir. the seperate phases; actual ly there is a range of choices between 
the two extremes. One can superimpose axial d i f fusion and mixing on the plug 
flow model, however the addit ional complexity is of questionable value in 
absence of discriminating information. 

The l inear gas veloci ty in the emulsion phase in f l u i d bed combustors i s 
generally higher than the bubble (or slug) r ise veloc i ty , due to the 
re la t ive ly large part ic les present (500 um to sometimes more than 10 mm). 
This means that the bubbles are 'swept' through with gas, resul t ing in the 
same concentration in both phases. This would imply the choice of a one-
phase reactor model. 

However, i t has to be noticed that in the case of f l u i d bed coal 
combustion also the reactive sol ids concentration ( i . e . the in te r fac ia l area 
of coal and/or sorbent material) plays an important role in the f i na l 
reactor model choice. Noordergraaf et a l . (1986) and De Kok et a l . (1986) 
have shown that at low values of the sol ids concentration ( i . e . a < 2 m'/m1) 
the bubble to emulsion phase mass transfer resistance is neg l ig ib le , while 
at higher values of the in te r fac ia l area the gas to sol ids mass transfer in 
the emulsion phase can be neglected. This implies that at low values of the 
reactive solids concentration the gas transport can be described with a one-
phase model, while at higher values a two-phase model should be used. 

Proceeding with these considerations i t is understandable that i n the 
present paper both type of models w i l l be compared. 

2.3 Summary of SURE model assumptions 

F i r s t , the respective model assumptions as discussed in sections 2.1 and 
2.2 w i l l be summarized: 

2.3.1 One-phaae model 

The f l u i d bed is considered as an ideal ly s t i r r ed tank reactor: 
* ideal ly mixed gas flow; 
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• sol ids ideal ly mixed. 

2.3.2 Two-phase model 

The f l u i d bed i s considered to consist of two phases: 
* the bubble phase i s in plug flow; 
* the emulsion phase is ideal ly mixed; 
* the sol ids are present in the emulsion phase and are ideal ly mixed: 

a l l sul fur is released in the emulsion phase (as S02); 
* non-uniform mass transfer between both phases. 

2.3.3 Both models 

For both models the fol lowing assumptions apply: 
* the sul fur release rate is l inear dependent on the feed rate and sul fur 

content of the coal; 
* the sul fur capture rate is l inear dependent on the reactive sorbent 

surface area and f i r s t order in the gaseous sul fur concentration; 
* the sorbent part ic les are of uniform size; 
* e lu t r i a t ion and freeboard phenomena are not taken into account. 

The one- and two-phase SURE models are compared in the case of unsteady 
and steady state f l u i d bed combustor operation. Hereto relat ions are derived 
in respectively sections 3 and 14 fo r : 
a. the gaseous sul fur out let concentration as a function of time (sulfur 

breakthrough) in the case of unsteady state operation due to a batch 
addit ion of sorbent or a sul fur step input on a bed containing a f ixed 
amount of sorbent; 

b. the (Ca/S) ra t io needed to obtain a spec i f ic level of sul fur retent ion 
under steady state operating condit ions. 

In section 5 the SURE models are compared with experimental k inet ic and 
combustor data in order to check the general va l i d i t y . Further, i n section 6 
a model parameter sens i t i v i t y analysis is given from which the re la t i ve 
importance of the respective dimensionless model parameters w i l l be deduced. 
Hereafter the influence of the main f l u i d bed reactor conditions (as gas 
velocity and solids residence time) and sorbent properties (as par t ic le 
diameter) on the level of sul fur retent ion w i l l be determined. The model 
parameters are calculated with correlat ions and relat ions obtained from 
l i t e ra tu re (Appendix 1). 

F ina l ly , the retention index is Introduced in section 7 which i s shown 
to be a useful tool in the analyzing of f l u i d bed reactor operating 
conditions and d i f ferent sorbent properties to enable a proper choice of the 

- 21 -



combustor operat ing circumstances and the type of sorbent required for an 
optimum (Ca/S) r a t i o at a s p e c i f i c required level of sulfur r e t e n t i o n . 

3 . SULFUR BREAKTHROUGH AT UNSTEADY STATE OPERATION 

In t h i s sec t ion r e l a t i o n s Tor the sulfur breakthrough time according to 
the respec t ive SURE models will be derived proceeding with the model 
assumptions given in sec t ion 2 . 3 . 

3.1 One-phase model 

In the case of unsteady s t a t e combustor operat ion the sulfur mass 
balance I s given as (out - in - conversion - accumulation): 

U0F c ( t ) - #g - k S( t ) c ( t ) - eHF ( ; £ " - ) [1] 

k i s the overa l l su l f a t ion r a t e cons tan t , which I s a combination of external 
mass t r ans fe r l i m i t a t i o n s and su l f a t ion k ine t i c s ( i n t r i n s i c k i n e t i c s * i n t r a -
p a r t l c l e mass t r ans fe r phenomena). This d i f f e r e n t i a l equation i s wri t ten in 
dimensionless form as: 

\ ' v-' (l"1) ■ 1 "x(0) [ p ° 0 ( 9 ) * '3 C2] 

i i s the gas residence t ime, which i s defined a s : t - eH / U0 [3] 
g 8 

where c I s the average bed poros i ty , H i s the average expanded bed height 
and U0 i s the supe r f i c i a l gas v e l o c i t y . 
T, i s the su l fur breakthrough time which equa l s : br 

T - qS0 / »_ - a N_ _ / * c [«] 
br ° S max CaO,o S 

where q i s the CaO surface concentrat ion (mol/m2), a i s the maximum CaO 
conversion (which can be smaller than unity due to pore plugging) and NCaQ Q 

i s the I n i t i a l amount of CaO in the bed. Further 0 i s the dimensionless 
t ime, which i s defined as t / r . 

o(0) i s the dimensionless reac t ive sorbent surface S/S0 at time 8; and 
C(, i s defined as the i n i t i a l gaseous sulfur concentra t ion: 
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P0 is the maximum gas exchange ra t i o related to the f i n a l l y reacted 

Dent 

1986): 

P0 - kS0 / (U„F) or P0 = k a „ S. / (U0F) (P0 > 0) [6] 

where S, is the i n i t i a l to ta l available reactive sorbent surface. 
In general the sul fur breakthrough time is much larger than the gas 

residence time. When r e a l i s t i c average data are taken for the respective 
parameters (e.g. c * 0.7 [ - ] ; H = 1 m; U0 « 1-2 m/s and a - 0.1 [ - ] ; 

rus X 
«„ ■ 0.01-0.1 mol/s; N ■ 100-1000 mol), then i t is easy to calculate 
o o au, o that i < 1 sec and TL >> Ii00 sec. This means that in general i / T . << g br g br 

0.0025, which Implies that the sul fur capture reaction is a rather slow 
reaction compared to the residence time of the gaseous sul fur in the bed. So 
the accumulation term in the mass balance, Eq.[1] , is very small and can be 
neglected (or i n Eq. [2] : (T / T ) (dX(0)/de) ■ 0 ) . Consequently the pseudo-
steady state approximation can be applied in th is reaction system. 

So from Eq.[2] the dimensionless sul fur concentration X(0) in the out le t 
of the reactor as a function of time is then obtained as: 

X(0) - c(0)/co - 1 / [1 + P« o(0)] where X(0-0) - 1 / [ l + P0] [7] 

Further the conversion of the sorbent in the reactor as a function of 
time is obtained from the fol lowing sorbent mass balance (CaO accumulation -
S02 or H2S/C0S conversion): 

t q ( g f t l ) = - k S(t) c ( t ) or ( g i S i ) = - k/(5 q) o( t ) c ( t ) [8] 

In dimensionless form: ( j | * - * ) - - P0 o(0) X(G) with b . c : o(0-0) - 1 . 

The stoichlometrlc coeff ic ient c (mol S02 or H2S or COS / mol CaO) 
equals 1. Substi tut ion of Eq.[7] in Eq.[8] and solut ion of the d i f fe ren t ia l 
equation leads to: 

T ] - in (---9 - 1 + [1/P0] [ in P0 - I V ) " in \~-\ ) [9] 

In pr inc ip le th is equation describes impl ic l te ly the breakthrough of 
sul fur in a f l u i d bed reactor as a function of two dimensionless model 
parameters: the maximum gas exchange r a t i o (P0) and the maximum conversion 
of CaO (a ) . max 
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3.2 Two-phase model 

I n the same way the breakthrough equat ion i n case of the two-phase model 

i s der i ved as: 

9 . [ 1 / B H 1 . jJjJgJy] - [1*.] 1H [pf^j] C10] 

Here the dimensionless s u l f u r breakthrough concen t ra t i on at 0-0 equals: 

x(e-o) -a-i-Ej-Urffii [,,] 

w i t h : m - 1 - u exp [ - N „ / u ] (0 < m < 1) [12 ] 

where: u - 1 - [u /U0J ( O i u i l ) [13 ] 

and: N0 - HK/U0 (N0 > 0) [13a] 

So the two-phase model equat ion conta ins next t o the maximum gas 

exchange r a t i o P0 and the maximum CaO conversion a one ex t ra 

dimensionless parameter, m, which w i l l be def ined as the two-phase gas f low 

parameter. Th is parameter expresses the I n f l uence of mass t r a n s f e r between 

the bubble and emulsion phase (N0) together w i t h the d i s t r i b u t i o n o f the 

convect ive gas f l ow over both phases ( u ) : N0 i s the number of mass t r a n s f e r 

u n i t s and u i s t he dimensionless excess gas v e l o c i t y i n the bubble phase. K 

i s the mass t r ans fe r c o e f f i c i e n t based on the t o t a l reac to r volume: U i s 
e 

the s u p e r f i c i a l gas v e l o c i t y i n the emulsion phase. 

When N„ ■* » or when u » 0 then m » 1 , i n which case Eq . [ 9 ] equals 

Eq . [10 ] and the one-phase model and two-phase model become t h e o r e t i c a l l y the 

same. Of course t h i s i s c lea r f o r the s i t u a t i o n where no bubble phase i s 

present (U0 - U and consequently u - 0 ) . However, i t means a lso t h a t the 

gas f low In the bed can be considered as i d e a l l y mixed i n the case t h a t the 

gas t r ans fe r between both phases i s very h igh (N0 -» » ) , wh i l e the bubble 

phase i s s t i l l i n plug f l o w . So t h i s r e s u l t conf i rms the general app l ied 

assumption t h a t the gas f l ow i n slow bubble beds, w i t h a high throughf low of 

gas i n the bubble phase as w e l l as i n the emulsion phase, can t h e o r e t i c a l l y 

be considered as i d e a l l y mixed. 
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1 . (Ca/S) RATIO AT STEADY STATE OPERATION 

Proceeding with the model assumptions as summarized in sec t ion 2.3 now a 

de r iva t ion wil l be given of expressions for the (Ca/S) r a t i o at a spec i f i c 

level of r e t en t ion in case of the one- and two-phase SURE models. 

1.1 One-phase model 

The sulfur r e t en t ion i s defined as R = 1 - ( c / c 0 ) , so proceeding with 
the mass balance given in Eq . [1 ] , without the accumulation term in steady 
s t a t e s i t u a t i o n , i t i s derived t h a t : 

R - 1 - 1 / [ 1 * P . ° a v g ' « n a x ] C1« 

Here in the case of steady s t a t e operat ion o (- S/S.) i s the average 
avg A 

f rac t iona l r eac t ive sorbent surface in the bed and i s based on the i n i t i a l 
t o t a l ava i lab le surface S . . I t i s ca lcu la ted from the s o l i d s residence time 
d i s t r i b u t i o n function E( t ) and the f rac t iona l r eac t ive sur face o ( t ) as a 
function of time according t o : 

"avg " o / T E ( t ) o ( t ) d t [ 1 5 ] 

T i s the maximum poss ib le r eac t ion t ime, for example the pore plugging 
time when the reac t ion product blocks the pores before t o t a l conversion of 
the sorbent has been reached. I t should be noticed tha t no r e a c t i v e surface 
area i s present at t>T and therefore o ( t > i ) - 0 . 

The so l i d s residence time function of so l i d s in a f lu id bed has been 
determined by Yagi and Kunii (1961) to be equal to that of an i dea l ly 
s t i r r e d tank: 

E( t ) - [ l / t s ] exp[- t / i s ] [16] 

The conversion of freshly added sorbent in the reac tor as a function of 
time i s obtained from the sorbent mass balance as given in Eq . [8 ] , At steady 
s t a t e operat ion the sulfur dioxide (or hydrogen s u l f i d e , COS concentra t ion) 
in the reac tor may be assumed to be cons tan t , consequently the f rac t iona l 
r eac t ive surface in the reac tor as a function of time i s given a s : 

o(t) - exp[- -j c t ] [17] 

The minimum f rac t iona l sorbent reac t ive surface i s derived with Eq.[17] a s : 
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I k i 
- - o x] ■ 1 ■ a [18] uiiu q J max 

The average f ract ional reactive surface o is subsequently obtained from 
Eqs. [15] . . . [17] as: 

„ . [ — - 1 — - ] [, - e x p ( - j - 1 - ♦ -US-} T ) ] [ 1 9 ] 
avg kei T q 

[1 ♦ - J ] 

In the same way the average sorbent conversion in the bed is derived from: 

a - fx E(t) (1 -o( t ) ) dt * !a E(t) ( 1 - O ( T ) ) dt [20] 

This leads to: a a v g - d - ° a v g ) " " - a ^ ) exp[-T/Tg] [21] 

The sollf is residence time T is calculated from the maximum to ta l amount 
s 

of Ca in the bed (qS,) and the molar calcium feed rate ( ♦ . ) as: 

Tg . N.C^S . _lh. . [q 3 j , [amax ^j [22] 

Next to Eq.[1U] the retention R is also defined by Eq.[23] from which 
the gaseous sul fur reactor out le t concentration c can be calculated: 

R - 1 - [u0Fc] / * s [23] 

The calcium to sul fur ra t i o (Ca/S) in the reactor feed is derived from: 

(Ca/S) = *C a / * s [mol Ca/mol S] [2U] 

Combination of the Eqs. [ lU] , [18] and [21 ] . . . [ 21 ] results in the 

fol lowing expressions for the average f rac t iona l reactive surface o , the 
average sorbent. conversion a and the molar calcium to sul fur ra t i o (Ca/S) 
as a function of the level of retent ion R In the reactor: 

l n ( l - o ) 
1 - ( l - a ) e x p [ - - - - [ ? ; - r - ] 

°avg * -- i"-M-[T-R] [ 2 5 ] 

a - o M [1-R] [26] 
avg avg 
(Ca/S) - R / cavg [27] 
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where the dimensionless parameter M is defined as the r e t en t ion parameter 

which Is given by: 

k Ts *S M - - 0 ; - 2 - - S - [ 2 B ] 

When the maximum conversion of the sorbent is a - 1 [-] then the 
max 

r e t e n t i o n R can be wri t ten e x p l i c i t l y as a function of the calcium t o su l fur 
molar r a t i o (Ca/S) according to : 

R - \ [("f-1 ♦ (Ca/S)) - ( (-fj1 t (Ca/S))2 - H(Ca/S) ) ' / 2 ] [29] 

When the required sulfur reac tor ou t l e t concentrat ion c i s known the 
corresponding level of r e t e n t i o n R can be ca lcu la ted from Eq.[233. With the 
correc t values of the r e t en t ion parameter M and the maximum conversion a „ „ 

max 

the value of the calcium to sulfur r a t i o (Ca/S) i s then obtained from the 

E q s . [ 2 5 ] . . . [ 2 7 ] . 

>J.2 Two-phase model 

In the same way as i s demonstrated for the one-phase model the (Ca/S) 
r a t i o in case of the two-phase model i s derived as : 

l i ( 1 - o M M ) 
, , . r max i 
1 - (1-a ) expl -~7ü~,~\~r7"öï~i 

0 s» .LJIfftLElSU-i. no] 
avg 1 • (M/m) [1 -R] L J U J 

a avg ' "avg ( M / m ) C 1 " R ] C 3 1 ] 

(Ca/S) - R / a [32] 
avg 

with m as given by Eq . [12] : m - 1 - u exp[-N„/u] . 
When the maximum conversion of the sorbent i s a = 1 [-] then the 

max 
r e t en t ion R can be wr i t t en in t h i s case e x p l i c l t l l y as a function of the 
calcium to sulfur molar r a t i o (Ca/S) a s : 

R - \ [ ( * ■ ♦ (Ca/S)) - ( C*gB * (Ca /S) ) ' - »(Ca/S) l ' 7 * ] [33] 

I t I s obvious that in the case of S02 capture the SURE model does not 
take in to account the effect tha t a l so oxygen i s needed for t h i s r e a c t i o n . 
In fact i t i s impl ic i t e ly assumed that the r eac t ion i s zero order In oxygen. 
However, oxygen i s a l so used for the v o l a t i l e s and char combustion, so at 
high oxygen consumption r a t e s th i3 t h e o r e t i c a l l y may cause the s i t u a t i o n 
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t ha t the model s t i l l p red ic t s a ce r t a in level of r e t e n t i o n , while in 
p rac t i ce no oxygen i s a v a i l a b l e . Hereto in Appendix 2 a condit ion i s derived 
which r e l a t e s the level of r e ten t ion to the coal feed r a t e and according to 
which the SURE model can be cor rec t ly applied in the case of S02 cap ture . 

An advantage of the one- and two-phase SURE models as presented in 
sec t ions 3 and 1 i s tha t they provide simple ana ly t i ca l expressions for the 
ca lcu la t ion of the key var iab les (as the (Ca/S) r a t i o ) as a function of 
dlmensionless system parameters. This g rea t ly enlarges the ease of 
app l ica t ion of the model, for example in overa l l f lu id bed system models, 
while a l s o d i r ec t ins ight can be obtained concerning the relevance of 
r eac to r and sorbent p roper t i e s for the su l fur r e t e n t i o n . 

However, in general the usefulness of a mathematical model i s only 
decided by i t s r e a l i s t i c outcomes and p red ic t ive capaci ty . Therefore in the 
next sec t ion 5 model ca l cu la t ions wil l be compared with experimental data 
obtained from the l i t e r a t u r e . 

5 . COMPARISON OF MODEL CALCULATIONS WITH EXPERIMENTAL DATA 

5.1 Sul fa t lon k i n e t i c term 

The r e t e n t i o n model presented in t h i s paper i s fundamentally based on a 
r a t h e r simple approach t o the s u l f a t l o n k i n e t i c s . Therefore i t i s necessary 
to check the general v a l i d i t y of the k i n e t i c model assumptions. This wil l be 
done in t h i s sec t ion by f i t t i n g the model expressions to su l f a t lon data 
derived from l i t e r a t u r e . 

Many s u l f a t i o n s tud ies ( e . g . Borgwardt, 1970; Borgwardt and Harvey, 
1972; Hartman and Coughlln, 1976; Simons and Rawlins, 1980; Borgwardt e t 
a l . , 198ii) have been conducted in d i f f e r e n t i a l r eac to r s to explore the 
r eac t ion mechanism and the i n t r i n s i c s u l f a t i o n r eac t ion r a t e . In t h i s case 
i t can be wri t ten according t o the simple assumptions on which the k i n e t i c 
term in the present model i s based t h a t : 

~ks c ° 
a - a [1 - exp[ t ] ] or in dlmensionless form: 

max q 
A - 1 - exp[-n] with A - a/a and n - t / t 0 [3*4] 

max 

where t 0 - q/(k c 0 ) . 
The molar surface CaO concentra t ion q can be ca lcula ted from the 

respec t ive equations as given In Appendix 1. The S02 concentra t ion c0 equals 
3000 ppm in case of Borgwardt's experiments. 

- 28 -



In Figure 1 the dimensionless conversion A i s p lo t t ed as a function of 

the dimensionless time n. The shaded area covers 15 d a t a - s e t s (with 131 

po in t s A vs n) ) obtained by f i t t i n g Eq. [3 t ] t o 15 experimental curves of 

Borgwardt (1970) and Borgwardt and Harvey (1972) in case of the S02 

s u l f a t i o n with limestone or dolomite. Their data of the smaller p a r t i c l e 

s i zes (96 iim and 250 um) have been taken t o be more sure that the effect of 

mass t r ans fe r l i m i t a t i o n i s very l im i t ed . 

The model f i t i s r a the r good, which ind ica tes tha t the su l f a t ion k i n e t i c 
term used i s s u i t a b l e for the modeling of t h i s type of gas - so l id r e a c t i o n . 
In Table 3 the f i t t e d values of the maximum conversion a and the time 

max 
constant t„ have been summarized, together with the su l f a t ion k i n e t i c r a t e 
constant k as ca lcula ted from t 0 . I t i s observed tha t k ranges between 
119 mm/s and 677 mm/s, where the l a t t e r value i s r a the r high compared to the 
o the r s . The average r a t e constant for the s u l f a t i o n of the d i f fe ren t 3tones 
(calc ined a t 980 °C) equals 253 mm/s at 760 "C (o - 29 mm/s), while at 
980 °C the average value of k equals 260 mm/s (o , - 210 mm/s). 

Borgwardt and Harvey (1972) repor ted an average k i n e t i c r a t e constant of 
2.2 mm/s at 980 °C based on the I n i t i a l t o t a l (BET) s p e c i f i c CaO surface 
area , while Marsh and Ulrichson (1985) in a de t a i l ed r a t e and diffusional 
study on the reac t ion of calcium oxide with su l fur dioxide repor ted a value 
of 2.1 mm/s a t the same temperature. Consequently, the k i n e t i c r a t e constant 
i s more then 100 times higher when k i s based on the i n i t i a l t o t a l p a r t i c l e 
outer sur face , as i s the case in the SURE model presented he re . 

The k i n e t i c s u l f a t i o n r a t e constant k for the s u l f a t i o n r eac t ion 
s 

CaO + S02 ♦ ' / , 0 2 * CaS0„ i s reported by Dennis and Fie ldes (1986) t o be 
independent of p a r t i c l e diameter and dependent on temperature, as would DP 
expected. They experimentally obtained a r a t e constant k based on p a r t i c l e s 

s 

outer surface that varied between 179 mm/s and 216 mm/s for Penri th 
l imestone when the temperature varied between 825 and 975 °C. According t o 
Zheng et a l . (1982) a comparison of published data reported by Fie ldes and 
Davidson gives surface r a t e constants in the range of 65 t o 260 mm/s for a 
va r ie ty of l imestone types under various cond i t ions . 

Consequently the order of magnitude of the f i t t e d and repor ted values i s 
the same, va r ia t ions are e i the r due to d i f fe ren t reac t ion temperatures , 
d i f fe ren t ca lc ina t ion temperatures or a re r e l a t e d t o the proper t ies of the 
o r ig ina l rocks (Borgwardt and Harvey, 1972). 

The effect of reac t ion temperature on the reac t ion r a t e can be 
incorporated using the appropr ia te value of the ac t iva t ion energy of the 
respec t ive su l f a t ion r e a c t i o n s . The S02 su l f a t ion ac t i va t i on energy i s 
reported by Borgwardt (1970) t o range between 31 and 76 kJ/mole for ca lc ines 
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Shaded areas cover data 
from Borgwardt (1970) and 
Borgwardt and Harvey (1972) 

2 4 6 
dimensionless time (-] 

Figure 1: The dimensionless conversion A as a f u n c t i o n of the dimensionless 
t ime n, E q . [ 3 1 ] , f o r exper imental data of Borgwardt (1970) and 

Borgwardt and Harvey (1972); see a lso Table 3. 
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Data obtained from 
Spitsbergen et al. (1982) 
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2; T Wulfrath 
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» - CaO conversion [-] 

0.25 

Figure 2: Comparison between the non-steady s t a t e one-phase SURE model, 
E q . [ 3 5 ] , and CaO convers ion data of Spi tsbergen et a l . (1982) 

f o r two l imestone types : DuWa C. normal and W u l f r a t h ; see a lso Table H. 
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Table 3= Time constant t 0 , maximum conversion a and k i n e t i c r a t e constant 
max 

k obtained from experimental data of 
a. Borgwardt (1970) and b . Borgwardt and Harvey (1972). 

Reference 

a . 

a . 

a . 

a . 

a . 

b. 

b. 

b . 

b. 

b . 

b . 

b. 

b . 

b. 

3orbent 

type 

dolomite 
1351 

i i 

n 

I I 

" 

l imestone 
type 1 

l imestone 
type 2 

l imestone 
type 3 

n 

l imestone 
type 1 

I I 

I I 

n 

I I 

n 

p a r t i c l e 

s ize [pm] 

96 

96 

96 

96 

250 

96 

% 

250 

96 

250 

96 

96 

96 

96 

96 

Tcalc 

[ °C] 

980 

980 

980 

980 

980 

980 

980 

980 

980 

980 

980 

1100 

980 

890 

790 

Treact 

[ °C] 

650 

760 

870 

980 

870 

980 

980 

980 

980 

980 

980 

760 

760 

760 

760 

to 
[ sec ] 

10.8 

28.9 

19.1 

51.1 

107.5 

22.3 

127.1 

186.7 

101.1 

92.6 

115.2 

22.0 

11.5 

76.2 

71.2 

a max 
[ - ] 

0.069 

0.126 

0.226 

0.388 

0.252 

0.167 

0.185 

0.159 

0.521 

0.322 

0.583 

0.072 

0.150 

0.315 

0.112 

k s 
[mm/s 

117 

232 

150 

158 

180 

677 

119 

191 

132 

115 

128 

553 

273 

160 

171 

Tcalc - temperature a t which sorbent i s calcined 
Treact - temperature at which reac t ion i s ca r r ied out 
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of d i f fe ren t limestones (between 650 and 980 °C). Wen and Ishida (1973) 
reported an average value of 73.3 kJ/mole, found by applying the grain model 
t o other r e sea rche r s ' da ta . According to Marsh and Ulrichson a range of 65.3 
t o 71.5 kJ/mole was determined by Hatf ie ld et a l . (1970), while from own 
experiments they found a value of 80.0 kJ/mole (710 - 930 °C). 

More s c a t t e r ex i s t s in the ac t i va t i on energies reported for the H2S 
s u l f a t i o n r e a c t i o n : Simons and Rawlins found a value of 12 kJ/mole (in case 
of Glasshouse s t o n e ) , while Borgwardt et a l . (1981) measured an ac t i va t i on 
energy of CaO reac t ion with H,S or COS of 130 kJ/mole ( in case of Fredonia 
White (BCR 2061) l imes tone) . 

5.2 Sulfur breakthrough a t unsteady s t a t e operat ion 

5.2 .1 CaO conversion 

In t h i s sec t ion the v a l i d i t y of the fluid-dynamical part of the model 
wil l be checked by f i t t i n g the model expressions to CaO conversion data of 
the S02 s u l f a t i o n r eac t ion obtained by Spitsbergen et a l . (1982) and Akse et 
a l . (1983) in a 1 cm ID quartz f lu id bed a t 1 m/s . Hereto 6 d i f fe ren t types 
of limestone are compared, each with an average p a r t i c l e diameter of 925 urn 
(-lOOOum +850um). The one-phase model equation (m-1; Eq.[9]) wil l be used, 
where the su l fur breakthrough time i s e x p l i c i t e l y wr i t t en as a function of 

the so l i d s conversion (with o ( t ) - a ( t ) / a ) a s : 
max 

3 ■ 1 - o ( t ) - (1/P„) In [ o ( t ) ] [35] 

The magnitude of the maximum CaO conversion a i s taken as reported by 
Akse et a l . (1983) for these l imestones; fur ther T i s ca lcu la ted from the 

br 
data suppl ied , so the maximum gas exchange r a t i o P„ i s the only parameter 
that has to be obtained by f i t t i n g . F ina l ly , the k i n e t i c s u l f a t i o n r a t e 
constant k i s then ca lcu la ted from P„. The r e s u l t s are summarized in s 
Figure 2 and Table 1. 

In general the one-phase model, Eq . [35] , f i t s the experimental 
conversion data moderately well ; the corresponding values of the k i n e t i c 
constant k at 850 °C range between 52 and 108 mm/s. Compared t o the values 
as reported in sec t ion 5.1 these r a t e constants of the S02 su l f a t ion 
reac t ion are low, but they are s t i l l of the same order of magnitude and in 
the same range. 

So the one-phase SURE model f i t s the so l i d s conversion data reasonably 
well and gives f i t t e d values of the i n t r i n s i c r a t e constant which are 
r e a l i s t i c and tha t agree with other data repor ted in l i t e r a t u r e . 
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Table 1: Sulfur breakthrough time t , maximum exchange parameter P0 and 

k i n e t i c r a t e constant k ca lcu la ted fron CaO conversion data reported by 

Spitsbergen et a l . (1982); the maximum CaO conversion a i s obtained 
H13X 

from reported data of Akse et a l . (1983). 

The data were obtained in a t cm ID quartz f lu id bed a t 850 °C; 
U0= 1 m/s, d0 = 925 urn (-1000+850 um); c0 = 2000 ppm S02 ; 

l imestone batch 25 g. 

l imestone type 

Carrneuse Engis 

Nekami 

Dornap 

Wulf r a t h 

Hawthorn 

DuWa C. Normal 

°max C " ] 

0.308 

0.100 

0.312 

0.331 

0.312 

0.256 

TU [m in ] br 

'15 

58 

51 

19 

«0 

38 

P0 [ " ] 

0.757 

0.867 

0.801 

1.120 

0.999 

1.017 

k [mm/s] s 

60 

52 

57 

96 

82 

108 

5.2 .2 Sulfur ou t l e t concentrat ion 

The v a l i d i t y of the fluid-dynamical par t of the model wil l a l so be 
checked by f i t t i n g the dlmensionless o u t l e t sulfur concentra t ion to 
experimental data of Zheng e t a l . (1982), Noordergraaf (1985) and Dennis and 
Fie ldes (1986). This i s done for m-1, s o in case of the one-phase model. The 
r e s u l t s are summarized in a dimenslonless form in Figure 3 according t o : 

F(X) - f (i-e) p, ♦ m p, I - [ i l j p ] ♦ ui [ü=x-2] [36] 

The shaded area In the graph covers 8 data s e t s of Zheng e t a l . , 3 of 
Noordergraaf and 1 of Dennis and F i e ldes . I t i s shown tha t the model gives a 
reasonable f i t of the da ta . Unfortunately the Information supplied by Zheng 
et a l . and Dennis and Fie ldes i s t o l imi ted t o ca l cu l a t e accurate ly the 
su l f a t ion r a t e constant k fran the f i t t e d value of P 0 . However, in case of 
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Noordergraaf'a data, calculat ion of the k inet ic rate constant is possible; 
the results are summarized in Table 5. 

I 

u 

2 

0 

2 

4 

K. 
\sk 
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r -^^^fe-ï^^ 
^ ^ < ^ ^ ^ % ^ ^ ^ 

**i'-;i^^Si^^v..>-^<'^&l&&&> 
Shaded area covers ^ I R i f e - , 

■ data from Zheng et al. (1982), '*m$k 
Noordergraaf (1985), Dennis and ''%•$& 
Fieldes (1986) s%*& 

1 1 1 X 
0.2 0.4 

- x[-] 
0.6 0.8 

Figure 3: Dimensionless plot of sul fur breakthrough in a f l u i d bed according 
to the one-phase SURE model, Eq.[36]; comparison with experimental data of 

Zheng et a l . (1982), Noordergraaf (1985) and Dennis and Fieldes (1986); 
see also Table 5. 

I t is observed that the maximum CaO conversion in case of Noordergraaf's 
data is very high. This is due to the fact that here a synthetic sorbent 
material (CaO on a-Al203 carr ier ) is used with large pores that inh ib i te 
deactivatlon phenomena l ike pore plugging. The corresponding values of the 
k inet ic rate constant k vary between 38 and 80 mm/s at 850 °C, which are 
low compared to the rate constants as reported in section 5 . 1 , but s t i l l of 
the same order of magnitude. 

5.3 Sulfur retention at steady state operation 

In th is section a comparison is given of model calculations and 
predictions and steady state experimental retention data as derived from 
d i f ferent l i t e ra tu re sources (Lee and Georgakis (1981), Zheng et a l . (1982), 
Ekinci et a l . (1982) and Fee et a l . (1983)). 
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Table 5: Sulfur breakthrough time T , maximum exchange parameter P 0 , 

maximum CaO conversion a and k i n e t i c r eac t ion r a t e constant k 
max s 

obtained from data of a . Zheng et a l . (1982) (10 cm ID bed), 
b . Noordergraaf (1985) (10 cm ID bed) and 

c . Dennis and Fie ldes (1986) (8 cm ID bed). 

Reference 

a . 

a . 

a . 

a . 

a . 

a . 

a . 

a . 

b. 

b . 

c . 

sorbent 

type 

l imestone 
1359 

n 

i t 

i i 

i i 

n 

I I 

I I 

syn the t i c 
sorbent 

I I 

n 

Penr i th 
l imestone 

[m/s ] 

0.2 

0.2 

0.2 

0 .2 

0.35 

0.35 

0.35 

0.35 

1.0 

1.25 

1.5 

> 5 U m f 

do 
[mm] 

0.15 

0.15 

0.62 

0.62 

0.15 

0.15 

0.62 

0.62 

2.5 mm 
p e l l e t s 

t i 

I I 

0.78 

T 

[ °C] 

850 

800 

800 

850 

800 

850 

800 

850 

850 

850 

850 

875 

V 
[m in ] 

8.1 

7.1 

2.5 

1.9 

5.7 

5.0 

2.5 

2 .2 

18.2 

22.7 

19.2 

221.0 

a max 
[ - ] 

-

-

-

-

-

-

-

-

0.815 

1 

1 

-

Po 

[ - ] 

2.29 

2.62 

0.75 

0.66 

3.28 

2.59 

0.81 

0.9« 

0.981 

1.396 

1.371 

0.608 

k 
s 

[mm/s] 

-

-

-

-

-

-

-

-

80 

51 

38 

-

The ca lcu la t ion of the r e t en t ion parameter M i s based on the plant 
operat ing circumstances as given by the respec t ive authors and fur ther based 
on the co r re l a t ions given in Appendix 1. However, unfortunately in general 
i t i s not poss ib le t o obtain the average sorbent residence time T 
accura te ly as needed to ca l cu l a t e M frcm Eq.CAI.21!]. Therefore the average 
sorbent residence time has been ca lcu la ted together with the maximum CaO 
sorbent conversion from a l eas t - squa res f i t of the experimental data t o the 
respec t ive model equat ions . The maximum conversion wil l be compared with the 
values as reported by the respec t ive au thors . 
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In Figure k the model f i t i s compared with combustor retent ion data as 
given by Fee et a l . (1983) in case of the Babcock and Wllcox 0.98 m2 plant 
with a once-through sorbent usage. The f i t t e d value of the retention 
parameter M equals 1.20 [ - ] , which is in agreement with an average sorbent 
residence time of 25 minutes In case of k - 200 mm/s. Although this value 

s 
of T is rather low, i t is not unreal is t ic in th i s speci f ic s i tua t ion . 
However, when a lower value of k , e .g . 50 mm/s as reported in sections 5.1 

3 
and 5.2, is used then the sorbent residence time should equal 73 minutes. 

0 02 0U 06 08 10 

Figure 1: The (Ca/S) ra t i o as a function of retent ion R: comparison between 
the one-phase SURE model, Eq.[27], and experimental data of Fee et a l . 

(1983) (U0 - 2.51 m/s; H - 0.12 m; F - 0.98 m2; d„ - 0.9 mm). 

Consequently these calculations i l l u s t r a t e c lear ly that also the 
su l fa t ion k inet ic rate constant should be known quite accurately to obtain a 
correct value of the retent ion parameter M (this w i l l be especially 
important in the case of the capture of reduced sul fur species in mu l t i 
stage combustion: since the residence time of the limestone par t ic les in the 
reducing zone i s short the f e a s i b i l i t y of improving the overal l sul fur 
capture by CaS formation w i l l depend predominantly on reaction k inet ics ; 
Borgwardt et a l . , 1981). 

The f i t t e d value of the maximum CaO sorbent conversion equals 3IS1 where 
the average value reported by Fee et a l . (1983) in th is speci f ic case 
(Lowel lv l l le limestone; d0 - 0.9 mm) is 32Ï as determined in a TGA-test, 
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whi le a value of 36? was repor ted i n a 3.3*1 m2 combustor f a c i l i t y . The 

agreement between these values i s very good, i n d i c a t i n g t h a t the p r e d i c t i o n 

of the SURE model i s r e a l i s t i c . 

0 4 0 6 0.8 1 0 

— R l - J 

F igure 5: The (Ca/S) r a t i o as a f u n c t i o n of r e t e n t i o n R: comparison between 
the one-phase SURE model, E q . [ 2 7 ] , and exper imental data of Lee and Georga-

k i s (1981) (U0 - 1.22 m/s; H - 0.67 m; F = 0 .1 m2 ; d„ = 0.58 mm). 

I n F igure 5 the model f i t i s shown of r e t e n t i o n p lan t data as given by 

Lee and Georgakls (1981) i n case of a 0 .1 m2 f l u i d bed f a c i l i t y . The f i t t e d 

value of the r e t e n t i o n parameter equals 1.91 [ - ] , from which the sorbent 

residence t ime i s approximated as 25 minutes i n case of a k i n e t i c s u l f a t l o n 

ra te constant k of 200 mm/s. When here a lso the value of 50 mm/s i s used a s 
sorbent residence t ime of 78 minutes r e s u l t s . 

The f i t t e d value of t he maximum convers ion equals 52$, where Lee and 

Georgakls (1981) r epo r t a value in t h i s s p e c i f i c case (Limestone 18; 

d„ - 580 pm) of 51$; again the agreement i s very good as i s a lso observed 

from a comparison of the SURE model f i t s w i t h other conversion data repor ted 

by Lee and Georgakis (1981) as shown i n F igure 6. 

I n F igure 7 the f i t t e d values of the maximum sorbent conversion have 

been summarized as a f u n c t i o n of the respec t i ve sorbent p a r t i c l e diameters 

obta ined from severa l l i t e r a t u r e sources. In general i t can be concluded 

t h a t the maximum conversion var ies between 0.3 and 0.7 f o r p a r t i c l e 

diameters i n between 500 um and 1500 ym. 
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Figure 6: Comparison between the maximum CaO conversion as obtained by 
l.ee and Georgakis (198l) and the f i t t e d values according to 

the one-phase SURE model. 
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Figure 7: Overview of f i t t e d values of the maximum CaO conversion 
as a function of the respec t ive sorbent p a r t i c l e diameter 

as obtained from H d i f f e ren t l i t e r a t u r e sources . 

The general conclusion which can be drawn so far from the r e s u l t s 
presented in sec t ions 5 . ' to 5.3 i s that the one-phase SURE model f i t s 
experimental data r a t h e r good and gives r e a l i s t i c predic t ions of the k i n e t i c 
r a t e constant k , the maximum CaO conversion and the sorbent residence t ime. 
So a fur ther appl ica t ion and ana lys i s of the model wil l be put forward In 
the following s ec t i on . 

- 38 -



6. MODEL PARAMETER SENSITIVITY ANALYSIS 

6.1 Calculat ion of model parameters 

In Appendix 1 a summary i s given of equations derived from l i t e r a t u r e 
from which c h a r a c t e r i s t i c average values of the dimensionless model 
parameters P 0 , m, M and a are obtained. These c h a r a c t e r i s t i c values wil l 

i Id .'. 

be used for the model parameter s e n s i t i v i t y ana lys i s as out l ined in the next 
s e c t i o n s . 

6.2 Comparison of one- and two-pha3e model 

6.2.1 Sulfur breakthrough a t unsteady s t a t e operat ion 

In Figures 8 and 9 a comparison i s given of the one- and two-phase 
models with parameter values of P0 respec t ive ly 1 [-] and 3 [ - ] . I t i s 
observed that with a lower value of the maximum exchange parameter the 
difference between the one- and two-phase model inc reases . The l i n e s drawn 
at d i f fe ren t values of m go a l l more or l e s s through the same point . Behind 
t h i s point the two models do not d i f fer much anymore. This means tha t 
espec ia l ly the beginning of the breakthrough of su l fur i s important for the 
comparison of the two models; when X > 0.8 [-] then the dif ference between 
the model3 becomes l e s s . 

CD 

Figure 8: SURE model s e n s i t i v i t y ana lys i s ; comparison of one- and two-phase 
SURE models in ca3e of sulfur breakthrough a t unsteady s t a t e combustor 
opera t ion, Eq. [10] , at a fixed value of the maximum exchange parameter 

P0 - 3 [-] and d i f ferent values of the two-phase gas flow parameter m. 
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Figure 9: SURE model sens i t i v i t y analysis; comparison of one- and two-phase 
SURE models in case of sul fur breakthrough at unsteady state combustor 
operation, Eq.[10], at a f ixed value of the maximum exchange parameter 

P0 • l [ - ] and d i f ferent values of the two-phase gas flow parameter m. 

6.2.2 (Ca/S) ra t i o at steady state operation 

In Figure 10 the two-phase gas flow parameter m is plotted as a function 
of the number of transfer units N0 at d i f ferent values of the dimensionless 
excess gas velocity u. I t is observed that m varies between 0.5 [ - ] and 
almost 1 [ - ] for character ist ic values of N0 (0.5 - 3 [ " ] ) and u (> 0.6 
[ - ] ) . In Figure 11 the product M(1-R) i s given as a function of the level of 
retent ion R at d i f ferent values of the retent ion parameter M. I t i s observed 
that at character ist ic values of R (> 0.8) the value of M(1-R) decreases 
s i gn i f i can t l y . Further in Figure 12 the r a t i o between the (Ca/S) ra t i o of 
the one-phase model and the two-phase model is demonstrated as a function of 
the product M(1-R) at d i f ferent values of the two-phase gas flow parameter m 
for an average value of the maximum conversion a „ „ of 0.5 [ - ] . I t is 

max 
observed that th i s ra t i o is always smaller than 2 at the character ist ic 
values of m (m > 0.5 [ - ] ) ; the (Ca/S) ra t i o of the one-phase model is always 
higher than that of the two-phase model. Further th is graph makes clear that 
the difference between both models becomes very small when M(1-R) > 1 and 
m > 0.7 [ - ] . However, i t is concluded from Figure 11 that at a retent ion 
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Figure 10: SURE model s e n s i t i v i t y ana l ys i s ; the two-phase gas r iow parameter 
m as a f u n c t i o n of the number of mass t r a n s f e r un i t s Ne at d i f f e r e n t values 

o f t he dimenslonless excess gas v e l o c i t y i n the bubble phase u , E q . [ 1 2 ] . 

F igure 11^ SURE model s e n s i t i v i t y ana l ys i s ; the product M(1-R) as a f u n c t i o n 
of the l e v e l of r e t e n t i o n R at d i f f e r e n t values of the 

r e t e n t i o n parameter M. 

- 11 -



1 

(-
■yi 

' *■■» 

t o 
—»» a 
u 

ï 
o 
»*-CJ1 
3 
CL 

—. C/l 
■ ■ ^ 

□ 
l_J 

001 01 1 10 

~— Mx (1-R ) ( - ] 

Figure 12: SURE model s e n s i t i v i t y ana lys i s ; the r a t i o between the (Ca/S) 
r a t i o as obtained Trom the one-phase SURE model ( i s t r - i d e a l l y s t i r r e d tank 
r e a c t o r ) , Eq. [27] , and the two-phase SURE model (with plug flow in the 
bubble phase), Eq. [32] , as a function of the product M(1-R) a t d i f ferent 
values of the two-phase gas flow parameter m and at a value of the maximum 

CaO conversion of 0.5 [ - ] . 

l°v»l R > 0.8 t h i s i s only the case a t high values of M (> 10) together with 
a r e l a t i v e high level of gas exchange (N„ > 1 - 2 [ - ] ) ; Figure 10) . 

This ef fec t i s a l s o i l l u s t r a t e d in Figures 13 and 11 where the r e t en t ion 
R i s p lo t ted as a function of the (Ca/S) r a t i o with r e spec t ive ly M - 1 [-] 
and M - 10 [-] (a = 1 [-] in both ca ses ) . I t i s concluded that at a low max 
level of gas exchange in the emulsion phase (M = 1 [ - ] ) the models d i f fe r 
c l e a r l y , however when M - 10 [-] the difference becomes s i g n i f i c a n t l y l e s s 
even at low values of m. 

So i t can be concluded from t h i s parameter s e n s i t i v i t y ana lys i s that i t 
wil l s t rongly depend on the actual ccmbustor condit ions which model wil l 
provide the best p red ic t ion of the (Ca/S) r a t i o at a required level of 
r e t e n t i o n . In general i t can be concluded that a t r e l a t i v e l y high l eve l s of 
gas exchange between the phases (N0 >> 2 [ - ] ) both models wil l give almost 
the same outcomes (because then m + 1 [ - ] ) . 
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Figure 13= SURE model s e n s i t i v i t y ana lys i s ; the level of r e t en t ion R as a 
function of the (Ca/S) r a t i o , Eq.[33] , at d i f fe ren t values of the two-phase 

gas flow parameter m; a max 
1 [ " ] ; M - 1 [ - ] . 
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Figure 11: SURE model s e n s i t i v i t y ana lys i s ; the level of r e t en t ion R as a 
function of the (Ca/S) r a t i o , Eq.[33] , at d i f f e ren t values of the two-phase 

gas f l ow parameter m; a 1 [ - ] ; M - 10 [ - ] . 
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6.3 Level of sulfur r e t en t ion 

In t h i s sec t ion i t i s analyzed in what way the level of sulfur r e t e n t i o n 
i s influenced by the the maximum conversion a _ and the r e t en t ion parameter 

max 
M in r e l a t i o n t o the (Ca/S) r a t i o . 

6.3.1 Influence of maximum sorbent conversion 

In Figure 15 the (Ca/S) r a t i o I s shown as a function of the level of 
sulfur r e t en t ion R at a fixed value of the r e t en t ion parameter M = 2 [-] in 

the case of the slow bubble model (m = 1 [ - ] ) . I t i s concluded tha t the 
maximum conversion of CaO in the sorbent , a , s t rongly Influences the 

max 
(Ca/S) r a t i o necessary to obtain a s p e c i f i c required r e t en t ion R when a 

max 
ranges between about 0.1 and 0 . 5 . However, in t h i s s p e c i f i c s i t u a t i o n where 
M ■ 2 [-] the influence of the maximum conversion i s very l imi ted above the 
value of about 0.5 [ - ] : e spec ia l ly the dif ference between a of 0.7 and 

max 
0.9 i s very smal l . 

Figure 15: SURE model s e n s i t i v i t y a n a l y s i s ; the (Ca/S) r a t i o of the one-
phase model, Eq. [27] , as a function of the level of r e ten t ion R at a fixed 
value of the r e t en t ion parameter M - 2 [-] and a t d i f fe ren t values of the 
maximum CaO conversion a 

max 
This implies in general that at a ce r t a in l eve l of the maximum CaO 

conversion no s i g n i f i c a n t increase in the su l fur r e t e n t i o n can be obtained 
at a fixed (Ca/S) r a t i o by increasing the maximum sorbent u t i l i z a t i o n in the 
reactor (for example by using another sorbent t y p e ) . 
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6.3.2 Influence of retention parameter 

The same effect can be observed In Figure 16 where the (Ca/S) r a t i o at 
m = 1 [ - ] has been plotted as a function of the retention R at a f ixed value 
of ci = 0.5 [ - ] . In th i s case i t is concluded that the retention parameter 
strongly influences the (Ca/S) ra t io needed to obtain a speci f ic required 
level of retention when i t i s smaller then about M - 10 [ - ] . Above this 
level the influence of M is l im i ted , especially when the required retention 
R i s smaller than about 0.9. 

i / i 

a 

Figure 16: SURE model sens i t i v i ty analysis; the (Ca/S) ra t io of the one-
phase model, Eq.[27], as a function of the level of retention R at a f ixed 
value of the maximum CaO conversion a 0.5 [ - ] and at d i f ferent values 

of the retention parameter M. 

In general these ef fects , obtained from analyzing Figures 15 and 16, 
mean that the retent ion in a f l u i d bed coal combustor cannot always 
continuously be increased by adding the same extra amount of sorbent to the 
bed. Especially at high levels of the retention parameter M and/or the 
maximum sorbent conversion a the required retention level can already be 
obtained by Just a re la t i ve ly small increase of the (Ca/S) r a t i o . For 
example, I t can be derived from Figure 15 (M - 2 [ - ] ) that at a maximum 
conversion of 0.3 the (Ca/S) ra t i o must be increased with 1.5 units from 2.3 
to 3.8 to l e t the retent ion increase to 80Ï. However, at a maximum 
conversion of the sorbent of 0.7 and a (Ca/S) ra t i o of 2.3 an absolute 
increase with about 0.1 units to 2.H is already su f f i c ien t to obtain the 
required retention level of 80%. 
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6.1 Influence of reactor circumstances and 

sorbent properties on sul fur retent ion 

As can be concluded from the de f in i t i on of the retention parameter M 
(see hereto also Appendix 1) and from Eq.[25] the level of sulfur retention 
R is predominantly influenced by two groups of parameters: 

1) f l u i d bed reactor circumstances: 

* the sorbent residence time t ; 
* the superf ic ia l gas velocity U0; 
* the mass transfer coef f ic ient i n the dense phase k 

(or the corresponding Sherwood number Sh); 
* the bed temperature T; 

2) sorbent properties: 

* the average sorbent par t ic le diameter d 0 ; 
* the maximum sorbent CaO conversion a ; 

max 
* the su l fa t ion k inet ic rate constant k ; 

next to the most important parameter, i . e . : 

* the (Ca/S) r a t i o in the reactor feed. 

In the fol lowing sections I t is i l l us t ra ted how the level of retention 
is effected by the sorbent residence time, the average sorbent par t ic le 
diameter and the superf ic ia l gas velocity at d i f ferent levels of the (Ca/S) 
r a t i o . 

The mass transfer coeff ic ient is predominantly effected by the sorbent 
par t ic le diameter at a f ixed value of the average bed par t ic le diameter d 
(see Eq.[A1.6] and [A1.7] , page 57) and also by the bed temperature. 

The k inet ic su l fa t ion rate constant is temperature dependent and 
determined by the type of sorbent used. So a higher temperature would imply 
a higher retent ion parameter M caused by an increase of the su l fa t ion ra te . 
However, an other sorbent type might also give a higher value of M even at 
lower temperatures. Because th is implies that temperature and sorbent type 
are closely l inked therefore jus t an average common case is considered here 
with k - 200 mm/s. s 

Because the effect of the maximum sorbent CaO conversion has already 
been outl ined in detai l In Figure 15, the value a - 1 [ - ] has been chosen 

max 
in th is case. The slow bubble regime is considered, so m - 1 [ - ] . Further 
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the following average reac tor circumstances and sorbent p roper t i e s have been 

chosen: 

U„ - 2 m/s; 4 /F ■= 0.03 mol/s/m2 ; T - 2 hr; d„ - d = 1 mm; 
o S p 

p0 - 2700 kg/m'; x C a C 0 - 0.95 [ - ] . 

The equations given in Appendix 1 are used to c a l c u l a t e the other re levant 
parameters , l i k e e .g . the Sherwood number. 

6.!<.1 Sorbent res idence time 

In Figure 17 i t i s shown that the sorbent residence time i s a very 
important parameter: at a (Ca/S) r a t i o of 2 the su l fur r e t e n t i o n increases 
from about 70$ to 85Ï when the sorbent residence i s increased from 1 t o 3 
hours. However, i t i s a l so obvious that the same effec t r e s u l t s when the 
(Ca/S) r a t i o i s increased from 2 t o a a t a res idence time of 1 hour. 

The sorbent residence time can be increased by increas ing the cyclone 
recycle r a t i o which wil l a l s o r e s u l t in a decrease of the average sorbent 
p a r t i c l e diameter in the bed. As a r e s u l t of both e f fec t s the r e t e n t i o n 
parameter M wil l Increase , which wil l give a higher level of r e t en t ion a t 
the same (Ca/S) r a t i o . 

a 0.4 10 

1 
2 
3 
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(Ca/S) 
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, 5.0 

[hr 

Figure 17: The level of sulfur r e t en t ion R as a function of the sorbent 
residence time T in case of the one-phase SURE model, Eq. [29] , at d i f fe ren t 

3 values of the (Ca/S) r a t i o ; a - 1 [ - ] . 
max 
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The effect of recycle ra t i o on retent ion has already teen experimentally 
confirmed in a 20 MW f a c i l i t y by Bass and High (1981): they showed that SO, 
retent ion could be Increased by 10? with the addit ion of multiclone catch 
recycle (recycle ra t i o Increased frcm 0 to 3) . 

The effect of so l id in-bed residence time on sul fur retent ion has also 
been reported by Duqum et a l . (1985) in a 2 MW and a 20 MW un i t . They showed 
that an increase of so l i d residence time from 30 to 120 hours increased the 
spent bed lime u t i l i z a t i o n from about 33* to about H2%; further the sul fur 
capture increased with about 10Ï when the recycle r a t i o was increased from 1 
to 6. 

6.1.2 Sorbent par t ic le size 

The errect of sorbent par t ic le size is i l l us t ra ted In Figure 18. At a 
(Ca/S) ra t i o of 2 the level of retent ion decreases from about 85J to 72% 
when the average sorbent par t ic le diameter is increased from 1 to 2 mm. But 
the level of retent ion w i l l stay at about 85J when the (Ca/S) r a t i o i s 
increased from 2 to more than 3. 

Figure 18: The level of sul fur retent ion R as a function of the average 
sorbent par t ic le diameter d0 in case of the one-phase SURE model, Eq.[29], 

at d i f ferent values of the (Ca/S) ra t i o ; a - 1 [ - ] . 
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The effect of p a r t i c l e diameter has been experimentally observed for 

example by Anthony e t a l . (1985) in a 0.155 m2 AFBC p i l o t p l a n t : they 

reported tha t sulfur r e t e n t i o n i s optimum in the p a r t i c l e s i z e range of 0.5 

to 1.0 mm. Increasing the limestone p a r t i c l e diameter much above 1 mm 

d r a s t i c a l l y reduced the sulfur capture . 

Jonke et a l . (1972) found tha t for p a r t i c l e s of 1000 ym the r e t en t ion 
was about 87$ and for smaller p a r t i c l e s (630 pm) the r e t en t ion was about 93$ 
for a common (Ca/S) r a t i o of 1.0, temperature of 810 °C and gas ve loc i ty of 
0.91 m/s. 

These observat ions agree q u a l i t a t i v e l y with the SURE model c a l c u l a t i o n s . 

6.U.3 Superf ic ia l gaa veloci ty 

F ina l ly , the effect of the supe r f i c i a l gas veloci ty i s shown in Figure 
19. At a (Ca/S) r a t i o of 1.5 the level of r e t e n t i o n decreases from about 83$ 
to 71$ when the gas veloci ty i s Increased from 1 to 2 m/s . The level of 
r e t en t ion wil l only remain a t about 83$ when the (Ca/S) r a t i o i s increased 
t o more than 2. 
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Figure 19: The l eve l of sulfur r e ten t ion R as a function of the s u p e r f i c i a l 
gas veloci ty U„ in case of the one-phase SURE model (m - 1 [ - ] ) , Eq . [29] , a t 

d i f fe ren t values of the (Ca/S) r a t i o ; a__. - 1 [ - ] . 
max 

The effect of gas veloci ty i s experimentally confirmed by Duqum et a l . 
11985) who reported tha t the sulfur capture decreased as much as 15$ as the 
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s u p e r f i c i a l gas veloci ty was Increased from 5 to 12 f t / s for a (Ca/S) r a t i o 
of 2.5 - 3.0 and a recyc le r a t i o of 1 - 2. 

Tang et a l . (1982) reported a drop in the su l fur r e t en t ion of about "OX 
for a comparatively narrow range of (Ca/S) r a t i o between 2.5 and 3 .0 , when 
the f l u id i z ing ve loc i ty was Increased from 1.5 t o 3.7 m/s . 

Rajan and Wen (1980) discussed the effect of f lu id iz ing veloci ty on 
sulfur r e t e n t i o n e f f i c i ency . At low v e l o c i t i e s (1 m/s) , e l u t r i a t i o n i s 
small , and hence the average bed p a r t i c l e s i z e i s smal l . Also the gas and 
so l i d s residence times are increased. This implies a g rea te r r e a c t i v i t y of 
the limestone p a r t i c l e s (sulfur r e ten t ion 85X). But at higher f l u id i z ing 
v e l o c i t i e s (2 .1 m/s ) , entrainment i s l a r g e , and the p a r t i c l e s entra ined a re 
a l so l a r g e r . Bed p a r t i c l e s i zes are consequently l a r g e r , r e s u l t i n g in lower 
r e a c t i v i t i e s ( re ten t ion 701) . Also the residence times wil l be s h o r t e r . A 
combination of these e f fec ts r e s u l t s in a lower S02 r e t en t ion eff ic iency a t 
higher v e l o c i t e s . 

However, the general experimental t rends observed are a l so c l ea r ly 
predicted by the SURE model as indica ted in Figure 19. 

7. OPTIMIZATION OF THE (Ca/S) RATIO 

7.1 Retention index RI 

As i s out l ined in de t a i l in sec t ion 6 the level of r e t en t ion R i s 
dependent on reac tor condit ions and sorbent p rope r t i e s . In order t o minimize 
limestone purchase and preparat ion costs as well as the so l id waste 
d i sposa l , i t i s c lear that the combustor must be operated at the lowest 
poss ib le (Ca/S) r a t i o where s t i l l the required r e t en t ion R can be 
e s t ab l i shed . This requi res spec i f i c operat ing circumstances (see also 
comment 5, page 87) and sorbent p r o p e r t i e s . However, in general the reac tor 
condit ions are determined by coal combustion eff ic iency requirements, where 
only small va r i a t ions in for example the supe r f i c i a l gas veloci ty are 
poss ib le . Further the sorbent proper t ies cannot be varied widely, because 
they are r e s t r i c t e d by the types of sorbent ava i l ab le (which r e s t r i c t the 
maximum poss ib le conversion) and the ava i l ab le p a r t i c l e diameter f r a c t i o n s . 

For a proper opt imizat ion i t has to be evaluated which parameter should 
be adapted or changed f i r s t to obtain the highest reduction of the 
(Ca/S) r a t i o at the required l eve l of r e t e n t i o n : for example the r e t en t ion 
parameter (via e . g . increase of the recyc le r a t i o which enlarges the sorbent 
residence time) and/or the choice of another sorbent diameter f rac t ion 
and/or even the choice of another type of l imestone (natural or syn the t i c ) 
with a higher maximum conversion. 
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With respect to these considerat ions the r e t en t ion index RI i s 

introduced to enable comparison and opt imizat ion of the combination of the 

f lu id bed reactor circumstances and the sorbent p r o p e r t i e s . This index i s 

given on a sca le of 0 to 100 and i s defined as the r a t i o between the 

s to lch iomet r i c calcium t o sulfur r a t i o and the actual calcium to sulfur 

r a t i o in the feed at the required level of r e t e n t i o n R: 

actual actual 

The r e t en t ion index becomes In the case of the two-phase model (with 
m = 1 [-] in case of the one-phase model): 

« ■ 10° I rWf f i r f [ 1 " (1"°nax' «P I w S r l l C38] 

Consequently, the r e t e n t i o n index defined in t h i s manner i s equal to the 
percentual average conversion of the sorbent in the bed and i s dependent on 
respec t ive ly the r e t en t ion parameter M, the two-phase gas flow parameter m 
and the maximum sorbent conversion a . The value of the r e t en t ion R i s 

max 
fixed at 0 .8 , which corresponds with the required level of desu l fu r i za t lon 
for a 3.5J sulfur coal i n order t o meet the EPA standard for new coa l - f i r ed 
p lants of 1.2 lb S0,/MBtu (0.51 kg/MJ) of fuel burned. 

When RI equals 100 [-] then the r e t en t ion performance i s optimum (the 

combustor operates at s to lch iomet r ic condi t ions : R - (Ca/S) - 0.8 [-] and 
a = 1 [ - ] ) and the calcium to sulfur r a t i o cannot be decreased. However, max 
when RI < 100 [-] then the general r e t en t ion performance of the combustor 
could be increased for example by e i the r increas ing the r e t en t ion parameter 

M (for example by decreasing the sorbent p a r t i c l e s i z e or increas ing the 
sorbent residence time) or by increasing the maximum sorbent conversion a 

max 
(for example by means of addi t ives to the sorbent or the use of a sorbent 
with a higher i n i t i a l p o r o s i t y ) . A change of the two-phase gas flow 
parameter m i s l e s s l i k e l y , because i t depends s t rongly on the mode of 
f l u l d i z a t l o n and gas t rans fe r in the bed. 

In Figure 20 the r e t en t ion index i s p lo t ted as a function of the maximum 
conversion at d i f ferent values of the r e t e n t i o n parameter M. In t h i s graph 
a l so two experimental values of the r e t en t ion index have been indica ted , 
which were calculated from two re ten t ion plant da t a - s e t s of Lee and 
Georgakis (1981). These values were obtained by f i t t i n g the SURE model to 
these d a t a - s e t s , whereafter the f i t t e d values of M and a were used to 

max 
ca l cu l a t e RI. In case of da ta - se t ' a 2 ' the sorbent I s be t t e r u t i l i z e d , 
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because RI and, consequently, the average sorbent conversion in the bed i s 
higher than in the case of ' a l ' . This means tha t the r e t e n t i o n of 80$ can be 
obtained a t a lower (Ca/S) r a t i o . 

0 0 2 0U 0.6 0 6 10 

— "max [ _ ] 

Figure 20: The r e t e n t i o n index RI a t R - 0.8 [ - ] , Eq . [38] , as a funct ion of 
the maximum conversion at d i f fe ren t values of the r e t e n t i o n parameter; two 

d a t a - s e t s derived from Lee and Georgakis (1981) have been indicated 
( a l : d„ - 0.55 mm; U„ - 0.79 m/s; a2: d0 - 0.79 mm;U0 = 0.91 m/s ) . 

In general Figure 20 I l l u s t r a t e s c l ea r ly that at a low re t en t ion 
parameter M ( e . g . M ■ 1 [ - ] ) the r e t e n t i o n index cannot be increased by 

increasing the maximum conversion from for example 0.5 to 0 .7 : t h i s has no 
effect at a l l . In that case the r e t e n t i o n Index can only be increased by 
increas ing M. However, at a high r e t e n t i o n parameter ( e . g . M - 20 [ - ] ) an 
Increase of the maximum conversion gives a considerable Increase in the 

r e t e n t i o n index, e spec i a l l y a t low l eve l s of a 
max 

7.2 Choice of parameter change epc 

Which parameter should be changed depends on the actual s i t u a t i o n : 
sometimes a change of M wi l l lead to a b e t t e r r e s u l t than an improvement of 
the sorbent maximum su l f a t ion capac i ty . For t h i s purpose the choice of 
£arameter change (cpc) i s Introduced, which i s defined as the r a t i o between 
the change of the r e t e n t i o n index due t o a change in H and the change of the 
r e t e n t i o n index due to a change in o : 
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rUïi 
l 3 M ' ra, a_„.., F 

[3-Ri" 
CPC - - ; 5 - ö ï — " - - " — - with: [39] 

3 %ax m ' M ' R 

ra Bi 1 El-R] [1 - d - « B a x ) exp ( - - - - ^ S ^ - - ) ] 
^ M ' m, a , R m [ ï + (M/m) Ï ï - R ] ] 2 

max 

In (1-a ) 
( , - a m a x ) l n ( 1 " % a x ) e x p I ' J H S f £ l - I f ) 

M fT + (M/m) ÏT-RÏ] 2 [ t o ] 

and: 

r 3 RI i e max 1 n>* i 
t r a " " J m, M, R " e x P 1-MÏÏ~ÏW] ^ 

max 

When cpc > 1 [-] then the r e t en t ion parameter M should be changed f i r s t 
to obtain a higher r e t en t ion index value, while o should be changed f i r s t 

max 
when cpc < 1 [ - ] . Change of the re ten t ion parameter M implies tha t i t must 
be enlarged, for example by the use of a smaller sorbent p a r t i c l e diameter 
or by increasing the so l i d s residence time ( e . g . by recycl ing of bed 
m a t e r i a l ) . Change of a means for example tha t another sorbent type with a max 
higher i n i t i a l porosi ty should be appl ied. 

In Figure 21 the cpc i s demonstrated as a function of the maximum 
conversion at d i f ferent values of the r e t en t ion parameter M. In t h i s graph 
a l so the value of cpc has been indicated which i s ca lcu la ted from re t en t ion 
combustor data of Lee and Ceorgakis 11981) and Zheng et a l . (1982). In case 
of da ta - se t s ' a l ' and ' a 2 ' i t i s concluded tha t the r e t e n t i o n performance 
can only be improved by increasing the maximum conversion (cpc < 1 [ - ] ) ; 
however, the da ta - se t of Zheng et a l . (1982) i l l u s t r a t e s tha t the r e t e n t i o n 
performance of t he i r combustor should be improved by increasing the 
r e t en t ion parameter M (cpc > 1 [ - ] ) . 

In general Figure 21 makes c lear tha t the s i t u a t i o n where cpc < 1 [-] i s 
derived alone in cases where M < 5 [ - ] . When M > 5 [-] then an increase of 
the r e t e n t i o n index i s only obtained when the maximum conversion of the 
sorbent i s improved. So in the case t h a t M < 5 [-] and cpc > 1 [-] the 
(Ca/S) r a t i o can be decreased by changing e . g . T or d 0 . I t means fur ther 
that those changes in the parameters should be effected which causes that 
M > 5 [ - ] . Hereafter improvement of (Ca/S) i s only r ea l i zed by using another 
sorbent type with a higher maximum conversion. 
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Figure 21: The choice of £arameter change cpc, Eq. [39] , as a function of the 
maximum CaO conversion a at d i f fe ren t values of the r e t e n t i o n parameter 
M; three da ta - se t s derived from experimental data of Lee and Georgakis 

(1981), al and a2, and of Zheng et a l . (1982), b , have been ind ica ted . 

8 . CONCLUSIONS 

The following conclusions have been obtained: 

1. The simple su l f a t ion k ine t i c term agrees well with CaO conversion data 
obtained from Borgwardt (1970) and Borgwardt and Harvey (1972). 

2. The one-phase SURE model f i t s experimental data of CaO conversion and 
sulfur breakthrough In f lu id beds obtained frori Spitsbergen et a l . 
(1982), Zheng e t a l . (1982), Noordergraaf (1985) and Dennis and Fieldes 
(1986) r a the r good. 

3 . Also good f i t s are derived between the one-phase SURE model and 
(Ca/S) r a t i o s at d i f fe ren t l eve l s of r e t en t ion obtained from Lee and 
Georgakis ( 1 9 8 0 , Zheng el a l . (1982), Ekincl et a l . (1982) and Fee e t 
a l . (1983). 

1. The one-phase SURE model gives r e a l i s t i c p red ic t ions of the S02 su l fa t ion 
k i n e t i c r a t e constant (varying between 10 and 700 mm/s), the maximum CaO 
conversion ( in general 0 .3 t o 0.7 [ - ] ) and t h e sorbent res idence time. 
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5 . The model parameter s e n s i t i v i t y ana lys is shows tha t i t wi l l s t rongly 
depend on the actual combustor condi t ions which f l u i d dynamical model 
(one or two-phase) wi l l provide the best predic t ion of the (Ca/S) r a t i o 
at a required level of r e t e n t i o n . In general i t i s concluded tha t at 
r e l a t i v e l y high l e v e l s of gas exchange between the bubble and dense phase 
(N0 >> 2 [ - ] ) both models wil l give almost the same outcomes (because 
then m * 1 [ - ] ) . 

6 . The s e n s i t i v i t y ana lys i s makes fur ther c lear t h a t the r e t en t ion in a 
f lu id bed coal combustor cannot always continuously be increased by 
enlarging the amount of ac t i ve sorbent in the bed. This implies e . g . tha t 
at a ce r ta in level of maximum CaO conversion no s i g n i f i c a n t increase in 
the su l fur r e t en t ion at a fixed (Ca/S) r a t i o can be obtained by 
increasing the maximum sorbent u t i l i z a t i o n in the reac tor (for example by 
using another sorbent t y p e ) . 

7 . The influence of the sorbent residence t ime, the sorbent p a r t i c l e s i z e 
and the super f i c ia l gas veloci ty on sulfur r e t en t ion i s very good 
q u a l i t a t i v e l y predicted by the one-phase SURE model. I t i s discussed that 
the sorbent residence time and p a r t i c l e s i z e are both influenced by the 
recyc le of cyclone ca tch , which combined effect wil l increase the sulfur 
r e t e n t i o n . 

8 . A de ta i l ed examination of the r e t en t ion index, used for the opt imizat ion 
of sulfur r e t e n t i o n , shows that at a value of the r e t en t ion parameter M 
higher than 5 general ly only improvement of the (Ca/S) r a t i o i s obtained 
by increasing the maximum sorbent conversion. 

9 . F ina l ly , i t may be s t a t e d tha t the SURE model can be used as a d iagnost ic 
tool for ana lys is of operat ional data as well as a p red ic t ive tool for 
ana lys i s of p lants under construct ion or design. However, i t i s advisable 
tha t the d i rec t pred ic t ive capacity of the SURE model wi l l be determined 
by a de ta i led va l ida t ion against experimental r e t en t ion r e s u l t s of 
d i f fe ren t FBC u n i t s . 

APPENDIX 1: THE MODEL PARAMETERS 

1. Maximum gas exchange r a t i o P0 

The maximum gas exchange r a t i o P0 I s defined by Schouten and Van den 
Bleek (1986) and equals the r a t i o between the maximum gas flow t rans fe r red 
between gas phase and sorbent surface and the t o t a l gas flow In the bed: 

P Ü§fl , Sax._A 
° U0F U„F L A i . U 

- 55 -



For p r ac t i ca l purposes the maximum gas exchange r a t i o will a lso be given as : 

k a a , 
~a§s~ i [A1.2] 

"a 

where a0 i s the i n i t i a l sorbent I n t e r f a c i a l area (m2 I n i t i a l sorbent surface 
per m' t o t a l reactor volume). In agreement with the de f in i t i on of the 
su l f a t ion r a t e parameter k, tha t i s based on the p a r t i c l e outer surface 
area , a0 I s derived from the outer surface area of spher ica l p a r t i c l e s a s : 

a ° d0 p0 HF d0 P o HF L A , - i J 

where d0 i s the i n i t i a l average sorbent p a r t i c l e diameter, p„ i s the i n i t i a l 
sorbent densi ty and W0 i s the i n i t i a l mass of sorbent in the bed. 

k i s the overa l l s u l f a t i o n r a t e parameter which can be a combination of 

mass t r ans fe r l i m i t a t i o n s and su l f a t ion k i n e t i c s . Dennis and Fie ldes (1986) 
concluded tha t the effect of external mass t r ans fe r r e s i s t a n c e from the bulk 
gas to the surface of the l imestone p a r t i c l e i s of importance, e spec ia l ly at 
ea r ly times in the su l f a t ion r e a c t i o n . In general the mass t r ans fe r 
coeff ic ient k i s of the order 0.2 - 0.6 m/s considering the range of 

g 
typica l p a r t i c l e diameters used in f lu id ized bed desu l fu r i za t ion (500 urn -
2000 um). k i s ca lcula ted from the appropr ia te Sherwood number a s : 

g 

k = Sh D / d0 [A1.1] 

The r a t e konstant k for the s u l f a t i o n r eac t ion CaO ♦ S02 + ' / 2 0 2 ♦ 
S 

CaS0„ varies between about 10 mm/s and 700 mm/s as i s discussed in s ec t ion 
5.1 and 5 .2 . Actually k r ep resen t s i n t r i n s i c k ine t i c s at the reac t ion s i t e 
plus I n t r a p a r t i c l e mass t r ans fe r phenomena (as pore and product layer 
d i f fus ion ) . An average value of 200 mm/s wil l be used in the respec t ive 
model ca lcu la t ions (for example in sec t ions 5.3 and 6 . t ) . This value implies 
tha t the overa l l s u l f a t i o n r a t e parameter, k, genera l ly var ies between about 
100 mm/s and 150 mm/s, where k i s ca lcu la ted from: k - 1/(1/k ♦ 11V. ) . E.g. 
Dennis and Fie ldes (1986) reported values of k between 113 and 161 mm/s. 

With combination of Eq . [A1 .2 ] . . .[A1.1] P„ i s f i n a l l y wr i t t en as : 

6 a W 
' ° l Sh D k s

 J L p0 d0 U0F J L f l ' - D J 

The Sherwood number i s obtained from the 'gas renewal theory ' of LaNauze 
(1985): 
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1 e . d„ (U Je . * u. ) , . 
Sh = 2 e m f + [ — - 5 L . . . . . 5 L . Ï Ï L . . . L . ] / . when d 0 / d p > ^ 3-5 [ A l . 6 ] 

and: 

* d ° Umf ' / 
Sh - 2 Emf ♦ [ — " 5 " " ] 2 "hen d 0 / d p < 3 [ A l . 7 ] 

The bubble r i s e v e l o c i t y u i s obta ined from the r e l a t i o n proposed by 

Weiraer and Clough (1983): 

u - C CU„ - U ) * 0.71 [ g d - - e - - - - S - (1 - E ) ] l/* [A1 .8 ] 
P 

C i s a d i s t r i b u t i o n c o e f f i c i e n t tha t i s r e l a t e d t o the degree of u n i f o r m i t y 

of the bubble volume f r a c t i o n over the bed cross s e c t i o n ; Weimer and Clough 

(1983) g ive averages values of C - 1.29 - 1.39. Here C - 1.35 i s suggested. 

The bubble f r a c t i o n e_ Is given by: e. - 1 - H _/H [A1 .9 ] 
b 3 mi 

The average expanded bed height H i s g iven by an emp i r i ca l c o r r e l a t i o n 

of Babu e t a l . (1978): 

1.95M ( u 0 - U r o f ) 0 - 7 3 V 0 0 6 Po0'736 

H / \ r ' ' + ( --5:937—5:75! 2 1 fe*--i w-«a 
Umf pg 

The emulsion phase gas v e l o c i t y U i s not always equal t o the minimum 

f l u i d i z a t i o n v e l o c i t y U . , but i t can be Increased owing t o the f l ow of gas 

between neighbour ing bubbles, lead ing t o an average p a r t i c u l a t e phase 

s u p e r f i c i a l gas v e l o c i t y as given by C l i f t e t a l . (1983): 

Ue " Umf t 1 + ' ' 5 ( e b ) V ï ] C A , - 1 1 ] 

However, t h i s e f f e c t i s not always taken i n t o account i n the d e r i v a t i o n of 

other parameters as f o r example t h e gas exchange c o e f f i c i e n t . There fo re i t 

i s assumed here t h a t s t i l l U - U . . 
e mf 

The minimum f l u i d i z a t i o n v e l o c i t y U . i s evaluated from the c o r r e l a t i o n 
mr 

given by Wen and Yu (1966): 

V " T V " I f(33.7)2 * 0.0U08 Ar) V ï - 33.7 ] [A l .12 ] 
g P 

d ' p (p - p ) g 
w i t h the Archimedes number: Ar » [ — K — B — K B ] [A1.13] 
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The bubble s ize d Increases w i t h inc reas ing gas f l ow and inc reas ing 

he ight above the d i s t r i b u t o r . Many r e l a t i o n s have been der ived f o r the 

bubble diameter i n smal l p a r t i c l e systems, e . g . Mori and Wen (1975) . 

However, these smal l p a r t i c l e c o r r e l a t i o n s l a r g e l y underpred ic t the bubble 

s i ze f o r l a r g e p a r t i c l e systems as i s I nd i ca ted by Gllcksman et a l . (1981) . 

Furthermore the presence of heat exchanger tubes i n FBC un i t s i s a lso a 

compl ica t ing f e a t u r e . These i n t e r n a l s i n f l u e n c e the f l u i d i z a t i o n behaviour, 

which sometimes changes t o s l u g g i n g , and they i n h i b i t the growth of bubbles 

or may even act as a bubble s p l i t t e r i n the case of h o r i z o n t a l tubes , wh i l e 

they promote the occurence of bubble chains between the pipes i n the case of 

v e r t i c a l tubes (Kool (1985) ; Noordergraaf e t a l . ( 1 9 8 7 ) ) . Kool (1985) showed 

t h a t the r e l a t i o n of Yacono and Angel ino (1978) can be used f o r la rge 

p a r t i c l e systems. The average bubble diameter accord ing t o t h i s r e l a t i o n i s 

given by: 

d& - 1.75 B (U„ - Ug) H / * w i th 0.28 < 6 < 1.2 ; dfe S d ^ [A1.1U] 

d i s the maximum bubble s ize which can be approximated by the p i t c h 
max 

between the p ipes , which i s i n general about 10 cm. 

2. Two-phase gas f l ow parameter m 

The two-phase gas f l ow parameter m i s def ined as : 

m - 1 - u exp[ - N0 /u ] [A1.15] 

The dimensionless excess gas v e l o c i t y i n the bubble phase, u , i s 

obta ined f rom: 

u - 1 - U / U 0 [A1.16] 

w i t h U - U „ . The minimum f l u i d i z a t i o n v e l o c i t y i s c a l c u l a t e d from the e mf 
c o r r e l a t i o n o f Wen and Yu (1966), Eq . [A1 .12 ] . 

The number of t r ans fe r u n i t s N0 i s def ined by: N0 - H K / U„ LAI .17] 

where the average expanded bed height H 13 obta ined from the c o r r e l a t i o n of 

Babu e t a l . (1978), Eq . [A1 .10 ] . The mass t r a n s f e r c o e f f i c i e n t K i s r e l a t e d 

t o the mass t r a n s f e r c o e f f i c i e n t K based on the bubble volume accord ing 

t o : 

K = eK K. [A1.18] 
b be 
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Yates (1983) has reviewed the available expressions for the interchange 

coefficient K and recommends the use of the expression developed by Sit 

and Grace (1981): 

Kbe . _I;?!k. . j.i [ i .^A] v, [AK19] 
b db 

3. Retention parameter M 

M is a model parameter that contains parameters determined by the f lu id 

bed reactor dimensions (F), the f luidlzing conditions (T , U0), the required 

coal feed rate (*„) as well as by the sorbent applied (q); the parameter k 

can be a combination of ma3S transfer limitations (k ) and sulfatlon 

kinetics (k ): 

M - ~ ; - | ~ § - [A..20] 

In agreement with the definitions of k and k , which are based on the 
g s 

volume of gas exchanged between bulk gas and the particle outer surface, I t 

is clear that the molar surface concentration q should also be based on the 

particle outer surface area according to: 

fu2l?3.°£_9§2_iO-§.B§C£i°if_ __Ss£2a_12Ü2 «_Ü£§52*- . 
particle outer surface area it d0

2 

" ( 5 / 3 ) X CaC0 3
 P" Ü" [ A K 2 1 ] 

The sorbent residence time is a parameter which is not easy to obtain. 

However, i t can be approximated by the average residence time of a l l solids 

in the bed: 

t - ft . / ♦ , . [A1.22] 
s bed solids 

The molar sulfur feed rate * s is simply calculated from the coal feed 

rate according to: 

*; . - (10/32) xo • (x in wt.J) [A1.23] 
S s coal s 

The retention parameter M is subsequently derived frcm : 
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14. Maximum CaO conversion o max 
The su l f a t ion of sorbent mater ia l i s a complex coupling of chemical 

reac t ions with the mass t ranspor t through a time-varying porous s t r u c t u r e . 
The molar volume of the r eac t ion product CaSO» i s s u f f i c i e n t l y la rge that 

the pores of the CaO may completely plug pr ior to t o t a l CaO u t i l i z a t i o n . 
Many models descr ibe t h i s process , see e .g . Simons and Carman (1986). In 
t he i r pore plugging model they derived an equation for the maximum CaO 
conversion, which i s a function of the sorbent i n i t i a l po ros i ty . This 
equation can be used t o c a l c u l a t e a in the case of pore plugging: 

rci3X 

z i s the r a t i o between the molar volumes of the reac t ion product CaSO» and 
the reac tan t CaO (z » 3 .06) . e° i s the i n i t i a l poros i ty of the calcined 
sorbent . 

5 . Magnitude of model parameters 

Proceeding with the r e l a t i o n s given above c h a r a c t e r i s t i c values of the 
respec t ive model parameters wil l be ca lcu la ted In order to carry out a model 
s e n s i t i v i t y a n a l y s i s . The ca l cu la t ion of the respec t ive model parameters i s 
based on r e a l i s t i c values of f lu id bed combustor dimensions, f lu id iz ing 
condi t ions and sorbent p r o p e r t i e s . The data are summarized in Table Al. 

Because sulfur breakthrough experiments a re in general ca r r ied out with 
an i n t e r f a c i a l sorbent surface (1-10 ra2/m3) which i s much smaller than the 
i n t e r f a c i a l sorbent surface ava i l ab le during steady combustor operat ion 
(> 1000 mVm') t h i s lower value wi l l be used for the s e n s i t i v i t y ana lys i s of 
the unsteady s t a t e models. 

Using the data in Table Al and the equations given above i t can be 
estimated tha t in general the model parameters range between: 

P„: 0.5 - 5 [ - ] ; N0: 0 .5 - 3 M i u > 0.6 [ - ] ; 

m : 0.5 - 1 [ - ] ; M : 0.5 - 50 [-] a : 0.2 - 0.8 [ - ] . 
max 
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Table A1 : Average combustor operating condit ions and sorbent p r o p e r t i e s . 

Combustor operat ing condit ions Sorbent p roper t i i 

Hmf 
" o 

* S / F 

d p 
a„ 
T 

0.3 m Emf : 0.143 [ " ] 

1 - 3 m/a T : 850 °c 

0.01 - 0.05 mol /s /m* 

0.5 - 2 ram p : 2600 kg/mJ 

1 - 10 m' /m' ( c a l c u l a t i o n or p0) 

> ( » ) 1 hr 

Po 

0.5 - 2 mm 
2700 kg/m3 

0.1 - 0.6 [-] 
xCaC0, : ° - 9 5 I 

APPENDIX 2: MODEL LIMITATION DUE TO OXYGEN CONSUMPTION 

I t i s obvious t h a t the r o l e of oxygen has not been taken in to account in 
the sulfur capture k i n e t i c equations as applied in the SURE models. The 
reac t ion I s considered t o be of zero order i n oxygen. This implies tha t i t 
i s assumed that the re a re no l im i t a t i ons to the supply of oxygen. However, 
s i t u a t i o n s can ex i s t where t h i s i s not the case. For example when under 
steady s t a t e operat ion the feed r a t e of coal I s very high almost a l l oxygen 
supplied wil l be used for the combustion of v o l a t l l e s and char , while few 
oxygen remains for the capture r eac t ion . Therefore a condit ion has to be 
der ived, which r e l a t e s the l eve l of r e t e n t i o n t o the coal feed r a t e and 
according to which the models can be cor rec t ly app l ied . Hereto the overa l l 
oxygen balance i s formulated a s : 

(oxygen out of r eac to r ) - (oxygen input) - (oxygen consumed by r eac t ion ) 

(oxygen out of reac tor (0 2 ) ( - ( U0Fc 
' u l t 

(oxygen input) - | U0Fc l n * ' / 2 *Q 

The oxygen consumed by reac t ion i s based on complete combustion of the 
coal components C, H, N and S and on the sulfur capture r e ac t i on : 

combustion r e a c t i o n s : sulfur capture reac t ion : 

C * 02 * C02 CaO ♦ S02 * ' / 2 02 -» CaSO, 

V 2 H20 
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N ♦ O, -• NO, 

S * 0 2 + S0 2 

So: (oxygen consumed by r e a c t i o n | ■= ( * ♦ ' / „ * ♦ » ♦ ♦ ♦ * / , a * ) 

Fur the r : a * „ - o (Ca/S) ♦ „ - R * „ 
avg Ca avg S S 

S u b s t i t u t i o n of the respec t i ve pa r ts of the balance i n the o v e r a l l oxygen 

balance g i ves : 

C i n - ° u i t V 1 + R / 2 ) **C + %* W- % ■ ''■ *0 „ h n < fil n . . . . . . . . . . . . . . . . . . , w i t h 0 , n £ , 

I f a l l oxygen i s consumed then r» • 1 . Because i t i s obvious t h a t always 

n ï 0, the cond i t i on can be formula ted as f o l l o w s : n < 1 . Rearranging of the 

above equat ion leads subsequently t o the c o n d i t i o n : 

R < f i . 2 M [ „ . . i n t l / j . 9 . l ] . [ . g . . ^ v > . ö ] ) [ A S M ] 

I n general t h i s c o n d i t i o n i s e a s i l y met under p r a c t i c a l o x i d i z i n g 

cond i t i ons (excess a i r > 1) as i s i l l u s t r a t e d f o r example i n Table A2 i n the 

case of an experiment i n the 1 MW TNO AFBB f a c i l i t y (Brem, 1986). 

However, at smal l excess a i r r a t i o s (- 1) t h i s cond i t i on becomes 

impor tan t , where at values smal ler than 1 ( s u b - s t o i c h l o m e t r i c f i r i n g ) next 

t o S02 a lso reduced s u l f u r species l i k e H2S and COS may be formed. 

Table A2: The model c o n d i t i o n A (Eq . [A2 .1 ] ) i n the case of an experiment 
( n r . 97) i n the U MWth TNO AFBB f a c i l i t y (Brem, 1986). 

U0 - 2.0 m/s 

F = 2.25 mJ 

H = 1.07 m 

T = 1115 K 

p - 1 . 0 atm 
c, - 2.29 mol/m' i n 

Model c o n d i t i o n (g i 

(Ca/S) 

R 

ven by 

-

■ 

1.9 

0.71 

Eq.[A2 

[ - ] 

[ - ] 

.13): 

American coal ( V l r g ) : 

♦ . - 0.0608 mol /s 

* Q / * S - 8 .2 [ - ] 

* c / * s - 17.2 [ - ] 

* „ / * . - 87.5 [ - ] 

A - 2 * 101 .7 ; s o : R « A 
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The INFLUENCE of OXYGEN-STOICHIOMETRY on DESULFURIZATION dur ing FBC: 

a SIMPLE SURE MODELING APPROACH 

J .C. Schouten and C M . van den Bleek 

SUMMARY 

I n t h i s paper an ex tens ion i s presented of the s imple SUl fur REtent ion SURE 
model which was publ ished e a r l i e r by the authors (Schouten and Van den 
Bleek, 1987). The present model exp la ins the e f f e c t of a decreasing 
d e s u l f u r l z a t i o n e f f i c i e n c y du r ing staged F l u i d i z e d Bed Combustion of coal by 
the r e l a t i v e l y f a s t fo rmat ion of SO, as a gaseous in te rmed ia te reac tan t I n 
the sorbent s u l f a t i o n r e a c t i o n . The SURE model provides an a n a l y t i c a l 
expression f o r the molar (Ca/S) r a t i o i n the reac to r feed as a f u n c t i o n of 
the degree of s u l f u r r e t e n t i o n , t he maximum sorbent convers ion and th ree 
dlmensionless model parameters. These parameters are f u n c t i o n s of f l u i d bed 
opera t i ng c o n d i t i o n s , coal and sorbent p rope r t i es and the s t o i c h l c m e t r i c a i r 
r a t i o . 
I t i s shown t h a t the oxygen concen t ra t i on and the decrease i n s u l f u r 
r e t e n t i o n a t lower s t o l c h l c m e t r l c a i r r a t i o s can r e a d i l y be descr ibed by the 
model equa t ions . 
Fur thermore, the SURE model i s app l i ed as a d iagnos t i c t o o l f o r the ana lys i s 
of p lan t ope ra t i ona l data obta ined from the recent l i t e r a t u r e . I t i s 
concluded from an eva lua t i on of SURE model c a l c u l a t i o n s and exper imenta l 
data tha t the sorbent res idence t ime I s a c r u c i a l system parameter. I t i s 
demonstrated t h a t the observed neglect of the i n f l u e n c e of the sorbent 
residence t ime on the steady s t a t e character of many r e t e n t i o n 
exper imentat ions gives r i s e t o se r ious doubt on the r e l i a b i l i t y and 
usefulness of these measurements f o r model v e r i f i c a t i o n purposes. 

1. INTRODUCTION 

1.1 Sulfur retent ion during FBC 

One of the advantages of the f lu id ized bed coal combustion technique Is 

the poss ib i l i t y of the l n - s l t u removal of su l fu r , released from coal , by 

addit ion of a natural (limestone or dolomite) or a synthetic sorbent 

mater ial . The main f l u i d bed reactor quanti t ies that influence the degree of 

desulfur izat ion are respectively: the sorbent residence time (Van den Bleek 

and Schouten, 1987), the superf ic ia l gas ve loc i ty , the bed temperature and 

the mass transfer coef f ic ient In the dense phase. The main sorbent 

properties are respectively: the average sorbent par t ic le diameter, the 

maximum sorbent CaO conversion and the su l fa t ion k inet ic rate constant. The 

most important system parameter i s , of course, the (Ca/S) molar r a t i o i n the 

reactor feed (Schouten and Van den Bleek, 1987). 

Research ac t i v i t i e s on emissions from f l u i d bed coal ccmbustors are more 

and more concerned with the reduction of NO -emissions by means of staged 

(sub-stoichlometric) combustion. However, SO - and NO -emissions are found 

to be strongly in ter re la ted: in general SO -emissions Increase with a lower 
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primary a i r r a t i o ( e . g . Valk et a l . , 1987), while NO -emissions may increase 
with a higher sorbent hold-up and a lower sorbent f r ac t iona l s u l f a t i o n ( e . g . 
Hirama et a l . , 1987). I t i s remarkable tha t none of the main overa l l FBC 
sulfur r e t en t ion models in l i t e r a t u r e , as summarized by Schouten and Van den 
Bleek (1987), incorporate these effects of oxygen on the s u l f a t i o n r e a c t i o n . 
This i s mainly due t o the fact tha t these models a re applied t o descr ibe FBC 
desu l fur iza t lon in case of r e l a t i v e l y high a i r r a t i o s (*>1.2) where the 
inf luence of the high oxygen concentrat ion in the bed on the extent of 
sulfur capture i s small or even neg l ig ib l e . 

Therefore in t h i s paper an extension Is presented of the e a r l i e r 
published simple FBC SUlfur REtention (SURE) model (Schouten and Van den 
Bleek, 1987), which now includes the effect of oxygen on the degree of 
sulfur cap ture . F i r s t , a survey wi l l be given of some l i t e r a t u r e r e s u l t s so 
as to conclude what the effect of oxygen and i t s r o l e in the su l f a t ion 
mechanism may be. 

1.2 Effect of the a i r r a t i o on desul fur iza t lon 

For example, the effect of excess a i r i s demonstrated by Terada e t a l . 
(1982): they showed in a experimental study on two-stage combustion tha t 
t h i s technique i s very e f fec t ive t o reduce the NO -emission. They repor ted a 
decrease in the NO -emission from about 210 ppm to l ess than 100 ppm when 
the in-bed a i r r a t i o was decreased from about 1.05 to 0.88 (3 .3 t o 3.6Ï 02 

in f lue g a s ) . At the same time the SO - r e t e n t i o n decreased from about 95t to 
l e s s than 90* at a r e l a t i v e l y high (Ca/S) r a t i o of 5 . 

A same effect was observed by Inoue et a l . (1982): reduction of the i n -
bed a i r r a t i o from 1.0 to 0.9 caused a drop of the desu l fu r i za t lon 
eff ic iency of about 5 Ï . 

Valk e t a l . (1987) repor ted a more s i gn i f i can t decrease in the extent of 
sulfur capture : the S02 emission almost doubled when the primary a i r 
s toichiometry i s reduced from 1.1 to 0 .6 . Further they concluded from 
ana lys i s of bed, cyclone and baghouse f i l t e r mater ia l t ha t the main 
su l f a t ion reac t ion product i s CaSO,,; even a t the lowest a i r l eve l of 0.6 no 
reac t ion product as CaS was formed due to the capture of reduced sulfur 
species l i k e H2S. 

1.3 Role of oxygen in the s u l f a t i o n mechanism: S03 formation 

Fie ldes et a l . (1979) repor ted that the maximum conversion of l imestone 
p a r t i c l e s In a f lu id ized bed i s influenced by the concentra t ion of S0a as 
well as of O, in the In le t gas . A p l aus ib l e explanation I s provided by 
Burdett (1980) who demonstrated the maximum su l fa t ion capacity to be 
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dependent on the concentra t ion of SO, in the r e a c t o r . SO, i s an important 
Intermediate gaseous r eac tan t in the s u l f a t l o n r eac t ion according to : 

SO, + ' / , 0 , - * SO, and CaO ♦ SO, * CaSO„ 

Burdett (1980) showed tha t the maximum conversion of l imestone su l fa ted 
with U35 vpm SO, at 810 °C i s comparable to that measured with 500 vpm SO, 
with 2% 0 , at the same temperature. Burdett et a l . (1983) concluded tha t the 
maximum concentrat ion of SO, in the combustor i s governed by thermodynamic 
cons idera t ions ; the equil ibrium conversion of SO, to SO, increases with 
r i s i n g pressure and f a l l i n g temperature . At 850 °C and 10$ 0 , in the f lue 
gas, a po ten t ia l e x i s t s for about 15% of the sulfur dioxide to be present as 
SO, at atmosferlc p ressure , but t h i s Increases up to U«ï at 20 bar . They 
concluded that a l so the reac t ion r a t e s are s u f f i c i e n t l y high at the 
temperatures in question for F3C to consider SO, p resen t . They measured 
r ep resen ta t ive steady s t a t e SO, concentrat ions corresponding to a degree of 
oxidat ion of SO, of about 2 t o 3$. 

In recent work i t has been shown that the effect of oxygen on the 
s u l f a t l o n of a syn the t i c CaO 3orbent mater ia l in a fixed bed reac tor can 
very well be explained by the formation of SO, (Valkenburg e t a l . , 1987). 
Model predic t ions based on t h i s approach showed to be in good agreement with 
experiments. Therefore t h i s 'SO,-explanat ion ' of the oxygen influence wil l 
be adopted here as a basis for the extension of the SURE model. F i r s t , a 
summary of the main model assumptions and mass balances wil l be given. 

2. THE SUlfur REtention MODEL 

2.1 SURE model assumptions 

1. The choice of the type of fluid-dynamical reac tor model Is s t rongly 
dependent on the mode of f l u i d l z a t l o n and gas t ranspor t tha t I s present 
in a f luid bed coal combu3tor. 

Recently, Almstedt (1987) and Almstedt and Ljungstran (1987) demonstrated 
with capacitance and oxygen probe measurements that the v i s i b l e bubble 
flow r a t e in a FBC combustor i s much smaller than predicted by the two-
phase theory of f l u i d l z a t l o n . This i s a r e s u l t of the bubble growth and 
r i s e veloci ty being l imi ted by the hor izonta l in-bed cooling tubes giving 
the bed a slugging fluid-dynamical charac te r . This in turn causes a 
s i g n i f i c a n t amount of the gas to pass the bed as a through-flow through 
the bubbles (or gas s lugs) and through the dense phase between the 
v e r t i c a l l y al igned bubbles. Further no va r ia t ion in the oxygen 
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concentra t ion due to the presence of bubbles can be seen caused by the 

rapid in te r -phase gas exchange which r e s u l t s in a high and even oxygen 

concentrat ion throughout the bed. 

Consequently, in the present paper the one-phase i dea l ly mixed gas flow 
model (ISTR) wil l be appl ied , which corresponds with these experimental 
r e s u l t s . 

2 . Furthermore, the so l ids are assumed to be i d e a l l y mixed due to the 
r e l a t i v e l y high sorbent residence time with respect to the gas residence 
time; p a r t i c l e s are spher ica l and of uniform s i z e . 

3 . E l u t r i a t i o n and freeboard phenomena are not taken i n t o account. 
i). The coal combustion r a t e i s assumed t o be f i r s t order in the oxygen 

concentrat ion and f i r s t order in the t o t a l external r eac t ive coal surface 
a rea . 

5 . The sorbent CaO su l f a t ion r a t e 13 f i r s t order in the gaseous su l fur S03 

concentrat ion and f i r s t order in the t o t a l external r eac t ive sorbent 
surface a rea . 

6 . F ina l ly , i t i s assumed tha t the r a t e of S03 formation i s high. 

2.2 SURE model mass balances 

The conversion of f reshly added coal to the reac tor i s obtained from the 
following coal mass balance: (coal accumulation) ■ (02 conversion); 

c, q, H x " 2 " " k' Sl<t) c' C1] 

The conversion of f reshly added sorbent t o the reac tor under steady 
s t a t e condit ions (constant concentrat ions) i s obtained from the following 
CaO mass balance: (CaO accumulation) - (SO, conversion); 

5, Q, jj-f*1"1 - " k3 S , ( t ) c 3 [2] 

The oxygen mass balance i s given aa: (oxygen out) - + (oxygen in) -
(oxygen consumed by coal combustion) - (oxygen consumed by SO, formation) . 
This leads to the following expression: 

*v c ' " *v c in " k ' S ' ° ' " ' / j ( l c ' ° 2 c ' 'X ' K ' / K ° C s ) E V [ 3 ] 

I t i s c lear tha t the magnitude of the oxygen consumption in the reac tor 
i s predominantly determined by the extent of coal combustion; therefore in 
the subsequent model der iva t ion the following assumption i s applied: 
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k, S, c, » ' / , (<, c2 c, ' l - K , / K 0 e ,) cv [4] 

The S02 mass balance reads : (S02 out) - + (SO, in) - (S02 consumed by 

SO, formation r e a c t i o n ) , r e s u l t i n g i n : 

*v <=2 - * s - (K, C2 C, ' 2 - K , / K 0 c ,) eV [5] 

The SO, mass balance i s obtained a s : (SO, out) - ♦ (SO, produced) - (SO, 
consumed by sorbent s u l f a t l o n r e a c t i o n ) , which r e s u l t s i n : 

* c3 - (<i c2 c, * - K , / K 0 c , ) EV - k, S, c, [6] 

The gaseous SO, i s formed by the following equilibrium reac t ion : 

S02 * V 2 02 *-**--» SO, where K0 - K , / < 2 (mol/m') 2 [7] 

The equil ibrium constant K0 i s ca lcu la ted from the r e l a t i o n of Meyer (1977): 

log K = (5022/T) - 1.765 where: K - p „ / ( p . . p . / j ) (atm" ' 2 ) [8] 
P P o U , o U 2 U2 

2.3 Oxygen concentra t ion 

The conversion of f reshly added coal in the reac tor as a function of 
time i s obtained from the coal mass balance as given in E q . [ 1 ] . At steady 
s t a t e operat ion the oxygen concentra t ion can be assumed to be constant ; 
consequently the f rac t iona l r e a c t i v e ex te rna l surface area of the coal as a 
function of time i s obtained a s : 

o,(t) = exp[ - jf*-f» t ] [9] 

o , ( t ) i s defined as S , ( t ) / S 1 0 , where S , 0 i s the I n i t i a l t o t a l ava i l ab l e 
r e a c t i v e coal surface area which, t h e o r e t i c a l l y , i s equal to the average 
coal surface area in the bed when no reac t ion takes p l ace . 

The average f rac t iona l r e a c t i v e coal surface area in the bed i s 
ca lcu la ted with the coal residence time d i s t r i b u t i o n function according t o : 

'>avg ■ / " E ' ( t ) ° ' ( t ) d t C10] 

The residence time d i s t r i b u t i o n function of so l ids In a f lu id bed Is 
determined by Yagi and Kunii (1961) to be equal to that of an idea l ly 
s t i r r e d tank r eac to r : 
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E , ( t ) = [ I / T , ] e x p [ - t / i , ] [11] 

The so l i d s residence time T, of the coal can be approximated by: 

T, = [q . s l 0 ] / *c [12] 

Furthermore, the dimensionless stoi chiometric parameter V i s introduced, 
which i s a function of the s t o i chiometric a i r r a t i o X and i s given a s : 

V - [1-X] / X [13] 

In t h i s equation the s t o i chiometric a i r r a t i o X i s defined by: 

A - [ * v c l n ] / » c [1"] 

Combination of E q s . [ 9 ] . . [ 1 1 ] and the 0 2 mass balance leads f i n a l l y t o an 
expression for the steady s t a t e oxygen concentrat ion c, in the r eac to r : 

0, - » / , ( [ (c 0 ♦ V c i n ) 2 ♦ 11 o . c . n ] ' / j - ( c , + V c l n ) ) [15] 

The parameter c0 in t h i s equation i s defined as the ' equiva lent oxygen 

concen t r a t ion ' , because c0 = c , when c0 - 0 a t X ■ 1, and i s obtained from 

the following expression: 

Co - [Ci Qi] / [* i x, ] [16] 

Theore t i ca l ly , c0 provides a measure for the extent of ( in)complete coal 
combustion. For example, Incomplete coal combustion due to a high 
e l u t r l a t l o n r a t e (low T , ) m combination with a low coal combustion r a t e 
(low k , ) , leads to a high value of c 0 . In appendix 1 equations are given so 
as t o c a l c u l a t e c0 from coal and f lu id bed system p r o p e r t i e s . 

2.1 (Ca/S) r a t i o 

According to a symmetric reasoning as applied In sec t ion 2.3 the 
conversion of f reshly added sorbent In the r eac to r as a function of time i s 
obtained from the sorbent mass balance as provided In E q . [ 2 ] . At steady 
s t a t e operat ion the gaseous su l fur spec ies concentra t ion i s assumed to be 
cons tan t , consequently the f rac t ional r eac t ive sorbent surface area as a 
function of time Is obtained as : 
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o,(t) = exp[- j-*--;» t ] [17] 

The average f r ac t iona l sorbent surface area I s subsequently derived fran: 

° , „ - 0 / T ° E , ( t ) o , ( t ) dt [18] 
avg 

The sorbent residence time d i s t r i b u t i o n equals : 

E , ( t ) = [ 1 / T , ] e x p [ - t / i , ] [19] 

with the residence time being given by: T, - [q , S , 0 ] / [a » ] [20] 
uiax \*a 

Furthermore, T0 in Eq. [ l8] i s the maximum poss ib le su l f a t ion r eac t ion 
t ime, which equals for example the pore plugging time when the s u l f a t i o n 
reac t ion product blocks the pores pr ior to t o t a l conversion of CaO. I t 
should be noticed that no r e a c t i v e sorbent surface i s present a t t>T„ and 
therefore o , ( t > t 0 ) - 0 . The minimum a t t a i n a b l e f rac t iona l r eac t ive sorbent 
surface area i s subsequently defined by: 

"ml„ • **A- t't TJ - 1 ■"-< [21] 

The average sorbent conversion In the r eac to r i s then derived from: 

o . = " o/T° E , ( t ) ( 1 - o , ( t ) ) dt ♦ S" E , ( t ) ( l - o , ( t 0 ) ) dt = 
avg T 0 

' ( 1 - ° ' avg> " « " « „ a x ' « r f - V / T . ] [22] 

The degree of su l fur r e t e n t i o n R in the r eac to r i s defined a s : 

R -1 - (*v o / *s - i - rrllfiuv) C23] 

while fur ther the molar (Ca/S) r a t i o in the reac tor feed equals : 

(Ca/S) ■= *Ca'*s [21] 

Combination of these equations r e s u l t s f i n a l l y in the following 
expression for the (Ca/S) r a t i o as a function of the level of r e t en t ion R, 
the maximum CaO conversion a_„„ and the dlmenslonless model parameter M0: 

max 

(Ca/S) - R / a a v g with: a g v g - o , a v g M0 [1-R] [25a] 
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ln(1-a ) 
/ . ^ f maX 1 

1 - ( 1 " a Bax ) e X p [ ' M r n = R Ï " ] r * h l 
a n d : ° 'avg " " T - r f i r t T = R j [ 2 5 b ] 

To derive these equations I t has been assumed t h a t : 

R / (eV K , ) << [1-R] o , */ * [26] 

which i s a val id assumption at a r e l a t i v e l y high r a t e of S03 formation. 

The dimensionless model parameter M„ in Eqs.[25a] and [25b] i s defined by: 

M. - ll\V~ [ I |M, ♦ V M2| ■ ♦ « H, M2 ) V » - [M, ♦ V H,] ] ' / j [27] 
2 '* 

This parameter incorporates the effect of the oxygen-stolchicmetry with: 

the ' a to ich iomet r i c parameter V', which was defined as (Eq . [13 l ) : 

V - (1-A)/A [28] 

Furthermore, M0 i s a function of f lu id bed, coal and sorbent p r o p e r t i e s , 
which are included in two dimensionless parameters: 

the 'combustion parameter M, ' , which i s defined a s : M, « u0 Co [29] 

"here Uo - [ ^ ^ ^ 0 ] * and c0 - [ Ï J - l j ] [30] 

In appendix 2 equations are given so as to c a l c u l a t e p0 from sorbent and 
f luid bed system p rope r t i e s . 

the ' r e t e n t i o n parameter M2 ' , which i s defined a s : M2 - p0 c [31] 

When the maximum CaO conversion in the sorbent equals 1, then the 
r e t en t ion R can be wri t ten e x p l i c i t e l y as a function of the (Ca/S) - ra t io a s : 

R - ' / * Ü - S " * (Ca/S)) - | ( - « - i * (Ca/S)) * - 4 (Ca /S) ) ' ' 2 ] [32] 
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3. COMPARISON WITH EXPERIMENTAL DATA 

3.1 Oxygen concentrat ion 

In Figure 1 a comparison i s given between, at the one s i d e , experimental 
data on the oxygen concentra t ion c, as reported by d i f f e ren t authors and, at 
the other s i d e , the ca lcula ted concentra t ion according to Eq . [15 ] . I t i s 
observed tha t the data of Zakkay et a l . (1985) are described by an equiva
l en t oxygen concentra t ion c0 of 0 v o l . J , which corresponds with complete 
combustion of a l l coal j_n the bed ( i , - » l . The other experimental data are in 
agreement with higher values of c0 (In general smaller than 1 v o l . J ) , which 
corresponds with incomplete in-bed coal combustion due to e l u t r i a t i o n ( T , i s 
r e l a t i v e l y s m a l l ) . 

05 1 15 18 

» — X [ - ] 

Figure 1: The oxygen concentra t ion c, in the r eac to r o u t l e t as a function of 
the s to ich iomet r i c a i r r a t i o X: a comparison between experimental data and 
model ca l cu la t ions at d i f fe ren t values of the equivalent oxygen 

concentra t ion c, , . 

3.2 S e n s i t i v i t y a n a l y s i s : influence of X on r e t e n t i o n 

In Figure 2 a p lot I s given of the l eve l of r e t en t ion R as a function of 
the in-bed a i r r a t i o X a t d i f fe ren t values of the equivalent oxygen concen
t r a t i o n c0 with common average value3 for the o ther main parameters: (Ca/S) 

o 
> 
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= 2, a - 1 [-] and M2 = 2.5 [ - ] . From Figure 1 i t i s concluded tha t max 
average values of c0 vary between about 0.1 and 1; t h i s implies that the 
curves 3 and H in Figure 2 give average predic t ions of the possible ef fec t 
of oxygen on sulfur r e t e n t i o n . In these cases i t i s observed tha t the 
desul fur iza t ion efficiency decreases from about 50J at a i r r a t i o s higher 
than 1.2 to about 20-35% (or even lower) at a i r r a t i o s smaller than 0 .6 . 
These ca lcu la t ions are q u a l i t a t i v e l y In good agreement with experimental 
observat ions as for example a re described in sec t ion 1.2. 

i 

cr 

X [ - ] 

Figure 2: Model s e n s i t i v i t y ana lys i s ; the inf luence of the equivalent oxygen 
concentra t ion c0 on the degree of sulfur r e t e n t i o n R as a function of the 

s to ich iomet r ic a i r r a t i o X. 

3.3 Diagnostic evaluat ion of model and experiments: the sorbent res idence 
time 

In t h i s sec t ion the SURE model wil l be applied as a d iagnos t ic tool for 
the screening of plant opera t ional data . 

An ana lys i s of recent re ten t ion data shows that in many cases steady 
s t a t e su l fa t ion data a re not r e l i a b l e , because they were ac tua l ly obtained 
at non-steady s t a t e condit ions due to the fact that during the experimental 
runs no account was taken of the influence of the sorbent res idence t ime. 
Due t o I t s ra ther high value (ranging from about 1 to even over 100 hours 
(Duqum et a l . , 1985)) i t wil l take more time than normally expected t o reach 
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a steady s t a t e s i t u a t i o r . a f t e r a change in ope ra t i on c o n d i t i o n s . At l eas t 5 

t imes the mean sorbent res idence t ime has t o be wai ted i n order t o be sure 

t h a t measurements w i l l not be biassed by the h i s t o r y of one (or more) 

previous exper iments. For example, S a l i b et a l . (1987) and Desai et a l . 

[19 ) mention maximum exper imentat ion t imes o f , r e s p e c t i v e l y , )U hours and 

17 hours, however, the est imates o f the corresponding sorbent residence 

t imes are a t l e a s t , r e s p e c t i v e l y , 50 hours and 1C hours . 

This phenomenon w i l l be i l l u s t r a t e d i n more d e t a i l by a comparison of 

the present SURE model w i th exper imental r e t e n t i o n dat~ of Valk et a l . 

(1937) obta ined in a 0.6x0.6 m2 a tmos fe r i c f a c i l i t y . An overview of the 

sorbent and coal p r o p e r t i e s , the f l u i d bed p rope r t i es and the c a l c u l a t e d or 

measui RE model parameters i s given In Table 1 . 

Thi equ iva len t oxygen coi ' i o n is taken c0 - 0.25 mol/m3 based on 

the comparison in F igure 1 of the ca l cu la ted oxygen concen t ra t ion 

C, ' F q . [ 1 5 ] ) w i t h exper imental data of Eramer and Vincent (1936) obta ined i n 

the same f a c i l i t y (see a l so appendix 1 ) . 

Table 1 : model parameters based on data of Valk e t a l . (1987) . 

l imestone Carmeuse Engls : 

a „ ' 0.308 [ - ] (Akse et a l . . 1983) max 
p j - 2700 kg /m ' 

d, - 1.62 mm 

x , - 0 . 9 6 [ - ] 
C, - 1 C-] 

k - 0.70 m/s (Valkenburg et a l . , 1987) 
S j 

Coal types : 

F l u i d bed: 

Model 

<l3 

k 

parameters: 

7 mol/m2 

0.3 m/s 

0.2 m/s 

0.15M (m ' /mol ) 2 

P o l i s h - 5 : 

0.7 [ - ] 

H 

F 

a wtï 

1 m 

0.36 m2 

Br . Mar ine: 
x - 0.95 w t j s 

4 « 0.7 mVs 

c i n - 2.28 raol/m' 

T - 1123 K 

Sh, - 2.5 [ - ] 

No accurate est imate of the sorbent residence time could be made, 

because no data are a v a i l a b l e on the volume f r a c t i o n of sorbent ma te r i a l i n 

the bed. However, the maximum poss ib le sorbent residence t ime can be r e a d i l y 

obta ined based on the assumption tha t a l l bed ma te r i a l cons is ts of so rben t . 

This assumption leads t o : 
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- < to ta l_vo lume_o f .bed .mate r ia l r . J L Ü : Ü J 2 1 r h r l m l 
3 vo lumet r i c sorbent feed r a t e L(Ca/S) * c, x J L J L 3 : > J 

v i n s 

Th is equat ion demonstrates tha t the sorbent res idence t ime decreases w i th a 

decreasing s t o i c h i o m e t r i c a i r r a t i o . Fu r the r , us ing the parameters given i n 

Table 1 ( w i t h X - 1 . 2 ) , i t i s e a s i l y c a l c u l a t e d tha t i n general T3 < 110 h r . 

Th is imp l ies t h a t i n t he r e a l i s t i c case t h a t about h a l f of the bed ma te r i a l 

cons is ts of sorbent m a t e r i a l a r e l a t i v e l y h igh sorbent residence t ime of 

about 70 hr w i l l be found (a t A -1 .2 ) . 

Subsequent ly, the sorbent residence t ime of the experiments of Valk e t 

a l . (1987) has been obta ined by a f i t of the exper imental data t o the SURE 

model ( E q . [ 2 5 ] ) . The r e s u l t s are shown i n Table 2 . 

Table 2: Resul t 

Coal t ype : Br 

A [ - ] R [ - ] 

1.11 0.11 
1.08 0.39 
0.93 0.21 
0.73 0.16 
0.52 0.16 

of f i t of 

. Marine 

Eq. 

a a v g - R / ( C a / S ) -

0.273 
0.260 
0.160 
0.107 
0.107 

Coal t ype : Po l ish-5 

A [ - ] R [ - ] 

1.2 0.50 
1.1 0.55 
1.02 0.15 
1.01 0.15 
1.01 0.11 
0.88 0.36 
0.83 0.27 

a -R/(Ca/S) 
■ avg 

0.333 
0.367 
0.300 
0.300 
0.273 
0.210 
0.180 

[25] to exper imental 

r e s u l t o f 

M, [ - ] 

2.39 
1.07 
0.031 
0.005 
0.0063 

r e s u l t of 

M, [ - ] 

-
-
-
-

2.26 
0.39 
0.055 

dat 

model f i t : 

M2 [ - ] 

21.75 
9.77 
0.31 
0.015 
0.061 

fc 

model f i t : 

M2 [ - ] 

-
-
-
-

20.59 
3.57 
0.51 

N 

a: c a l c u l a t i 

0 [ " ] 

2.10 
1.62 
0.30 
0.15 
0.15 

0 [ " ] 

-
-
-
-
2.10 
1.03 
0.39 

on of T , . 

1» Cnr] 

21.0 
16.1 
2.9 
1.1 
1.3 

T, [ h r ] 

> 110 
> 110 
> 110 
> 110 

28.5 
11.9 
1.5 

F i r s t , i t i s observed tha t the sorbent residence t ime decreases w i t h a 

lower a i r r a t i o as expected from E q . [ 3 3 ] . However, the f i r s t four 

experiments of the Po l i sh -5 coal type show experimental average sorbent 

conversions i n the bed ( - R/(Ca/S)) which are higher or on l y a l i t t l e lower 

than the maximum conversion of 0.308 as measured by Akse et a l . (1983) f o r 

t h i s s p e c i f i c l imes tone . Consequently, these data are not r e l i a b l e ; t h i s i s 

a lso concluded from the f i t t e d values of the sorbent residence t ime which 

are h igher than the maximum poss ib le res idence t ime accord ing t o E q . [ 3 3 ] . 
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Furthermore, i t i s observed that the sorbent res idence time of the 
experiments with X > 1 i s r e l a t i v e l y high: i t var ies between 16.1 and 28.5 
h r . Although these values correspond with ' • e a l l s t l c volumetric sorbent 
loadings in the bed (11* to 21$ s o r b e n t ) , i t i s not expected tha t a 
s i t u a t i o n of steady s t a t e su l f a t lon during the measurements was reached due 
t o the r e l a t i v e l y high residence t imes . 

F i n a l l y , i t I s concluded that the experiments with * < 1 show sorbent 
res idence times varying between 1.1 hr (reasonably low!) and 11.9 h r , which 
corresponds with averag0 sorbent loadings In the bed of l e s s than 11$. 

1). CONCLUSION 

A simple su l fur r e t en t ion model i s given which descr ibes the influence 
of oxygen-stolchicmetry on the sorbent su l f a t lon r eac t ion during FBC by the 
r e l a t i v e l y fas t formation of the intermediate r eac tan t SO,. 

The oxygen concentrat ion I s Influenced by one model parameter, the 
equivalent oxygen concent ra t ion , which i s a measure of the (in)complete 
combustion of the coal . The decrease in the su l fur r e t e n t i o n at lower 
s to i ch iomet r i c a i r r a t i o s can r ead i ly be described by the model equat ions . 

However, a d iagnost ic evaluat ion of model and experimental data makes 
c lear tha t a d i r e c t va l ida t ion or v e r i f i c a t i o n of the model p red ic t ions I s 
genera l ly prevented due to a neglect of the Influence of the sorbent 
residence time on the steady s t a t e charac ter of r e t en t ion experiments. 

APPENDIX 1 

By de f in i t i on the molar carbon surface concentra t ion i s wr i t t en as : 

moles of carbon in a coal p a r t i c l e , , „ , , „ , , , , , H „ r , , ,-, 
q' ■ i;^niriü;Fici-i?irof"iii;trcii - ('000/72) >■d- *« [*»•" 
The s to lchometr lc coe f f i c i en t c, var ies between 0.5 and 1 (average = 0 .85 ) . 
As an approximation the coal combustion r a t e constant k, can be considered 
to be equal t o the oxygen mass t r ans fe r coe f f i c i en t : 

k, . k - Sh, D. / d , [A1 .2 ] 
g i 

The appropr ia te Sherwood number Sh, can be derived from LaNauze's (1985) 
equa t ions . Consequently, the equivalent oxygen concentra t ion i s wr i t ten a s : 

o. - [125/93 « f c f t ? * ^ CA1.3] 
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As example c0 i s approximated from the f o l l o w i n g general values of the 

respec t i ve parameters in E q . [ A 1 . 3 ] : 

_ 3 

C, ■ 0.85 [ - ] ; Pi ■ 1100 kg/m 3 ; x , = 0.3 [ - ] ; d , - 2 * 10 m; Sh, - 3 [ - J j 

D, • 2 .2 * 10 m2 /s ; T, • 5 min - 300 s e c . 

Th is leads to c0 - 0.267 mol /m3 ; t h i s general value of the equ iva len t oxygen 

concen t ra t i on i s in good agreement w i th the data as summarized i n F igure 1 . 

APPENDIX 2 

The molar CaO sur face concen t ra t ion is g iven as (Schouten and Van den Bleek, 

1987): 

q3 - (5 /3 ) P3 d 3 x, [A2 .1 ] 

The s u l f a t i o n r a t e constant k3 i s ca lcu la ted f rom: 

k, - 1 / [ 1 / k + 1/k [A2 .2 ] 
s , g 3

J 

The mass t r a n s f e r c o e f f i c i e n t i s obta ined f rom: k - Sh3 D, / d , [A2 .3 ] 
g 3 

The appropr ia te Sherwood number Sh3 can be der ived from LaNauze's (1985) 

equat ions . The sorbent r e a c t i o n ra te constant 

SOj s u l f a t i o n data of Valkenburg et a l . (1987). 

equat ions . The sorbent r e a c t i o n ra te constant k equals 700 mm/s based on 
s* 

Combination of the equat ions g iven above r e s u l t s i n the f o l l o w i n g expression 

f o r the parameter p 0 , E q . [ 3 0 ] : 

Ko T
3 x c. . 

Po - ( [9 /1000] [ - — — - - 8 - - i S ] / [ 1 / k ♦ d 3 / ( S h 3 D , ) ] ) [A2 .1 ] 
P> o 3 x 3 c3 S j 
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2.14.1 Comment 1: influence of the coal combustion r a t e 
on sulfur r e t en t ion 78 

2.44.2 Comment 2: discrepancy between f ixed and f l u i d bed 
SURE modeling 79 
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sorbent su l f a t ion 80 
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s u l f a t i o n r a t e 82 

2.JJ.5 Comment 5: pore plugging and SURE modeling: a tool for 
the opt imizat ion of sorbent consumption 87 

2.44.1 Comment 1: Influence of the coal combustion r a t e on sulfur 
r e t en t ion 

Some r e t en t ion models in l i t e r a t u r e incorporate an effect of oxygen on 
su l fur r e ten t ion by assuming a ( l i nea r ) r e l a t i o n s h i p between the r a t e of 
coal combustion and the r a t e of sulfur r e l e a s e . However, e spec ia l ly a t a i r 
r a t i o s higher than 1 to 1.2, i t may be assumed tha t a l l su l fur which i s 
feeded with the coal i s converted Into sulfur d iox ide . Even at in-bed a i r 
r a t i o s lower than 1 (0.6 t o 1) t h i s assumption holds when in a steady s t a t e 
s i t u a t i o n no sulfur accumulation occurs In the coal ash: then a l l sulfur 
feeded wil l be re leased e i the r as sulfur dioxide or as reduced sulfur 
species l i k e H2S, COS or CS2. So i t i s not necessary to connect the sulfur 
r e l e a s e r a t e t o the r a t e of oxygen consumption or coal combustion, which may 
sometimes even be incorrec t (when reduced sulfur species are produced). 

For example, Noordergraaf (1985) has discussed in h i s t he s i s (Chapters 2 
and 11) the effect of the r a t e of mass t r ans fe r on the sulfur r e t e n t i o n . He 
considers the mass t r ans fe r of S02 as well as of 0 , and concludes tha t a 
high coal combustion r a t e e f fec ts the degree of desu l fu r i za t lon . However, in 
his model (see Chapter 2) the sulfur r e l e a s e r a t e i s d i r e c t l y connected to 
the coal combustion r a t e , while furthermore the s u l f a t i o n r a t e i s taken zero 
order in oxygen. Consequently, I t i s more eas ie r t o take the sulfur r e l ease 
r a t e l inea r dependent on the coal feed r a t e as i s done in the SURE model 
(papers 2 . 1 , 2.5 and 2 . 7 ) . Because in the SURE model the r e t en t ion parameter 
i s l i n e a r dependent on the su l fur feed r a t e , while fur ther the sulfur 
r e t en t ion increases with an Increasing r e t e n t i o n parameter, the SURE model 
leads to the same conclusion that sulfur r e t en t ion Increases with a higher 
coal combustion r a t e . 
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2.U.2 Comment 2: discrepancy between fixed and f lu id bed SURE modeling 

All models presented In the present chapter a re based on the simple SURE 
modeling approach which s t a t e s that the sorbent s u l f a t i o n r a t e i s f i r s t 
order in the gaseous sulfur component (SO, or S03) and f i r s t order in the 
r e a c t i v e sorbent surface a r ea . However, a main difference i s observed 
between the SURE modeling in the fixed bed and in the f lu id bed. In paper 
2.6 i t i s argued that good model f i t s or the non-steady s t a t e fixed bed 
experimental data ( syn the t i c sorbent ma te r i a l ) could only be obtained by 
assuming In the sorbent two di f ferent s o l i d r e a c t i v e surfaces which have a 
d i f f e ren t react ion r a t e towards the S03 su l f a t ion r e a c t i o n . This phenomenon 
i s explained by the poss ib le i n t e r a c t i o n of CaO and A1203 . Both r eac t ion 
r a t e cons tan t s , which di f fer an order in magnitude, are based on the t o t a l 
in te rna l r eac t ive sorbent surface a r ea . However, in paper 2.5 i t has been 
shown tha t the non-steady s t a t e su l f a t ion of the same syn the t i c sorbent 
mater ia l in a f lu id bed could eas i ly be described by only one r a t e constant 
which i s based on the t o t a l external sorbent surface a rea . 

A poss ib le explanation for t h i s paradox i s that in the f lu id bed the 
sorbent i s well mixed, which implies tha t a l l sorbent p a r t i c l e s have the 
same overa l l conversion at each moment at each pos i t ion in the bed. This 
overal l conversion i s the sum of the f rac t iona l conversions of the s o l i d 
r eac tan t at the respec t ive sorbent surface a r eas , which a r e the same in a l l 
p a r t i c l e s . This implies tha t the overal l conversion of the s o l i d r eac t an t 
can be considered as a 'weighed average ' , while fur ther the su l f a t ion r a t e 
can be considered to be f i r s t order in the t o t a l sorbent surface area with a 
r a t e constant which i s a l s o a 'weighed ave rage ' . Or in o ther words: a l l 
sorbent p a r t i c l e s have the same degree of conversion of CaO. 

The fixed bed i s not well mixed, which r e s u l t s in axia l p ro f i l e s i n the 
f rac t iona l conversions of the respec t ive sorbent surface a r e a s . This means 
tha t a l l p a r t i c l e s have a d i f ferent 'weighed convers ion ' , consequently no 
average surface area and no average r a t e constant can be used to descr ibe 
the su l f a t ion as a function of t ime. 

This explanation i s strenghtened by the ca l cu la t ion of the 'weighed' 
average r a t e constant based on the fixed bed measurements, which wi l l now be 
based on S02 sorpt lon and on the external sorbent surface area so as to 
compare i t with the r a t e constant k as obtained with the f lu id bed 
experiments (chapter 2.2). With the data of the s tandard experiment as used 
in the fixed sorpt ion study (paper 2.6) a r a t e constant k of 52 mm/s i s 
ca lcu la ted , which agrees reasonably well with the f lu id bed k values (Table 
5; page 35) of 38, 51 and 80 mm/s (mean value: 56 mm/s). 
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Consequently, the main conclusion Is tha t the app l i ca t ion of a fixed bed 
reac tor to study the su l f a t lon process may increase the fundamental 
understanding of the s u l f a t l o n mechanism: in t h i s case i t focusses in on the 
poss ib le presence of two d i f f e ren t r e a c t i v e sorbent su r f ace s . This knowledge 
may fur ther lead t o the syn thes i s of a sorbent mate r ia l with a much smaller 
' s lower- reac t ing* surface area In order to increase the f ina l s u l f a t l o n 
r a t e . However, app l ica t ion of the fixed bed s u l f a t l o n r e s u l t s t o f lu id bed 
circumstances i s l imi ted from a modeling point of view: the f lu id dynamical 
behaviour of p a r t i c l e s in a f lu id bed i s very d i f f e r e n t , which leads in t h i s 
s p e c i f i c case to the app l ica t ion of a much simpler k i n e t i c term in the 
sulfur r e t e n t i o n model. 

2.H.3 Comment 3= Influence of oxygen on unsteady s t a t e sorbent s u l f a t l o n 

In the f i r s t paper (chapter 2 .2) an a n a l y t i c a l r e l a t i o n s h i p for the 
dimensionless sulfur breakthrough time i s given as a function of the maximum 
gas exchange r a t i o P„ and the maximum CaO conversion a , E q . [ 9 ] . This 

IT13X 

equation i s based on the sorp t ion of S0 2 . However, when the approach i s 
applied as out l ined in papers 2.6 and 2.7 (chapter 2 . 3 ) . where the su l f a t ion 
r a t e i s based on SOj sorp t ion ( inf luence of oxygen-s toichiometry!) , then a 
same type of equation for the dimensionless breakthrough time i s derived: 

e - t / v - , ♦ ( , / P J ( A, in CP.) - ttdlgdiü - A, m [^(1:^2:1)] j 

[3 .1 ] 
The maximum gas exchange r a t i o P0 i s here defined as ( k 3 S J 0 ) / * , while 

X2 i s the dimensionless S02 o u t l e t concen t ra t ion . The dimensionless model 
parameter A0 i s defined as the ' equ i l ib r ium parameter' and equals : 

A» - 1 * 1 / [K, C ^ 2 ] (A0 > 1) [3 .2 ] 

The der iva t ion of Eq . [3 .1 ] i s based on two assumptions: 

1. o i n » (1 ♦ k 3S,/* v ) c, / 2 [3.3] 

This f i r s t assumption i s always va l id under p r ac t i ca l s u l f a t l o n 
cond i t ions , because in these cases i t holds tha t c (21 vol t ) >> c 2 / 2 (-
0.1 - 0 .3 v o l ï ) , while fur ther always c2 >> c , and k j S , / * > 0 . 

1 / 
2. 1/(<, T ) << c, * (where T i s the gas residence time E W * ) il.<*1 

1 a in g v 
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The v a l i d i t y of t h i s second assumption i s bas ica l ly dependent on the 

magnitude of < , . In paper 2.6 a r e l a t i v e l y la rge forward reac t ion r a t e 

constant <, (lO1* [ 1/( /kmol/m s) /s]) has been assumed so as to obtain a high 

r a t e of SO, formation. The gas residence time i s general in the order of 1 

second. So the second assumption i s valid under these circumstances, because 

1/(10") << e / * (at 850 °C about 0.05 [ / (kmol /m 3 ) ] ) . 

Fur ther , the i n i t i a l ou t l e t concentrat ion X20 a t 0-0 i s obtained a s : 

X20 = <A0-1)/(A„*Po) [3 .5] 

The sulfur dioxide concentrat ion at the end of the breakthrough process (a t 
t -» •») I s wr i t ten a s : 

X 2 - = 1 - I /A , [ 3 . 6 ] 

These expressions demonstrate t h a t the inf luence of the equi l ibr ium 
formation of S03 on the sorbent s u l f a t i o n r a t e i s incorporated in the 
dimensionless model parameter A0 . The same so lu t ion as in case of the S0 2 -
equation as given in paper 2.5 (chapter 2.2) i s obtained when A0 ■» » (which 
implies that K0 ■> <• and/or c i s r e l a t i v e l y h i g h ) . 

The dimensionless breakthrough time can a l so be wr i t t en as a function of 
the dimensionless t o t a l sulfur (S02 + S03) o u t l e t concentra t ion X0 as : 

0 = 1 * (A0 /P0) [ in (P„/A„) - (1-X0)/X0 - In [ ( 1 - X 0 ) / x J ] [3 .7 ] 

In t h i s case the i n i t i a l o u t l e t concentrat ion at t - 0 i s A0 /(A0+P0) , while 
of course t h i s concentra t ion at t o t a l breakthrough (t * ■») equals one. 

Consequently, the breakthrough of su l fur in a f lu id bed during unsteady 
s t a t e operat ion i s now a function of th ree independent dimensionless 

parameters: the maximum gas exchange r a t i o P 0 . the maximum CaO conversion 
a and the equilibrium parameter A„. max 

The influence of the r a t i o (A0/P0) on the dimensionless breakthrough 
time i s given in Figure 3 . 1 . I t i s eas i ly concluded tha t the shape of the 
curves i s s i g n i f i c a n t l y affected by a r e l a t i v e l y small change in the r a t i o 
(A 0 /P 0 ) . 

Under p rac t i ca l FBC condit ions A0 equals about 1-6 [-] as based on 
average values of K0 (» 0.151 (/m'/mol)) and c, = 2.3 mol/m' (21 v o l j ; 

In 
850 °C). The values of the maxiirum gas exchange r a t i o P0 based on S02 

su l f a t ion as given in Tables 3. 1 and 5 in chapter 2.2 are about 13 
(- [93Ï S02] / [7$ SO,]) times higher when they a re based on S03 su l f a t ion ; 
consequently they vary between about 10 [-] and 10 [-] depending on the type 
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Figure 3 .1 : The dimensionless breakthrough time 3, E q . [ 3 . 7 ] , as a function 
of the dimensionless to t a l sulfur (S02 ♦ SO,) o u t l e t concentrat ion at 

d i f fe ren t values of the r a t i o between the model parameters A0 and P„. 

of sorbent used and depending on the reac tor circumstances. This Implies 
tha t the r a t i o (A„/P0) in general wil l vary between about 0.1 and 0.5 
ind ica t ing that complete s u l f a t l o n of the sorbent mater ia l wil l be obtained 
in about 2 t o H times the breakthrough time (Figure 3 . 1 ) . 

2.1.1) Comment 1: Influence of bed temperature on sorbent su l f a t lon r a t e 

The SURE model as i t i s presented in the present chapter does not 
provide d i r e c t l y an explanation for the influence of bed temperature on the 
r a t e of s u l f a t l o n . In general i t would predic t an increasing su l f a t lon r a t e 
at higher temperatures due to an increase of the r a t e of mass t r ans fe r or 
due to a higher su l f a t lon k i n e t i c r a t e cons tant . However, many times an 
optimum in the s u l f a t l o n r a t e (or sulfur r e t e n t i o n ) as a function of bed 
temperature i s reported In the FBC l i t e r a t u r e (see l i t e r a t u r e review: paper 
2 . 1 ) . E.g. Hartman and Coughlln (1976) mention an optimum at 900 "C In case 
of t h e i r l imestone s u l f a t l o n experiments in a d i f f e r e n t i a l r e a c t o r . 

One explanation mentioned in l i t e r a t u r e i s that both su l f a t lon and 
ca lc ina t ion occur simultaneously, which leads to an optimum temperature 
r e s u l t i n g from these two opposing tendencies . However, in t h i s comment i t 
wil l be demonstrated that the occurence of an optimum can a l so be 
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t h e o r e t i c a l l y exp la ined by the r a t e of SO, fo rmat ion i n combinat ion w i t h the 

SO,-sorbent s u l f a t i o n r e a c t i o n i n the present SURE model. This exp lanat ion 

i s i l l u s t r a t e d w i t h the exper imental cond i t i ons provided by Hartman and 

Coughl in (1976). 

F i r s t , i t i s e a s i l y seen tha t the r a t e of s u l f a t i o n of the sorbent 

ma te r i a l ( l imestone) i n the d i f f e r e n t i a l r e a c t o r , as based on the SURE model 

assumptions, i s given by: 

[ c . Q3 j j f a ' S 3 ] ■ r [mol S0 , /m 2 / s ] = - k3 c , [ « . 1 ] 

Fur ther the SO, mass balance over the d i f f e r e n t i a l reac to r reads (SO, 

reacted w i t h sorbent ) ■ (SO, formed by forward r eac t i on ) - (SO, converted by 

backward r e a c t i o n ) , which r e s u l t s i n : 

k, S , c , - ( K, c2 c / 2 - K2 c , ) V g a s [ 1 . 2 ] 

where V i s the t o t a l gas volume in the r e a c t o r , which i s considered t o be 
gas 

equal to the gas which i s present between the p a r t i c l e s i n the r e a c t o r . 

So: V = e V . . . / (1-e) [ 1 . 3 ] 
gas p a r t i c l e s 

where V ... , i s the volume of the l imestone p a r t i c l e s i n the r e a c t o r , 
p a r t i c l e s 

w h i l e e i s the po ros i t y ( i n general e *0 .1 ) . 

Now the i n i t i a l s u l f a t i o n r a t e ( r ( t - O ) - r 0 ) w i l l be cons idered, which 

i s e a s i l y der ived w i t h the equat ions given above t o be: 

c2 c. 2 

r0 S- « - r — [1.1] 
5aa t i 

<, V g a s K0 k, 

S 3 0 i s the ex te rna l sorbent surface area S3 at t=0 . When the p a r t i c l e s are 

assumed t o be spher i ca l (average d ianeter d„ = 0.565 mm) i t equals : 

S 3 0 = (6 K „ ) / ( p „ do) C - 5 ] 

So, i t can a lso be der ived t h a t : S,„/V - 6 ( 1 - e ) / ( e d0 ) [ 1 . 6 ] 
gas 

Furthermore, the reac tor i n l e t concent ra t ions of s u l f u r d iox ide and 

oxygen in case of the data of Hartman and Coughl in (1976) are r e s p e c t i v e l y 

c2 ■ 0.29 vo l? and c = 3.5 v o l j (o f course the concent ra t ions given i n 

mol/m3 are temperature dependent). 
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The equil ibrium constant K„ is a function of temperature as i t is given 
in chapter 2.3 and paper 2.6. 

I t is assumed, f i n a l l y , that the temperature dependency of the rate 
constants K, and k3 is described according to Arrhenius equations as: 

ie, = K 1 0 exp[-E,/R/T] and k, - k ] 0 exp[-E,/R/T] [1 .7 ] 

The act ivat ion energy of SO, formation, E,, is strongly dependent on the 
type of catalysts on which the reaction takes place. E.g. Keyer (1977) 
reports two very d i f ferent values: 112.1 kJ/mol in case of a vanadium 
cata lyst , while 11.8 kJ/mol i s found with a platinum cata lyst . During f l u i d 
bed combustion the SO, formation might be catalysted by e.g. the 
construction material of the reactor wall or heat exchanger pipes, the coal 
ash part ic les as well as by the sorbent mater ial ; th is w i l l determine to a 
great extent what the actual value of the act ivat ion energy f i n a l l y w i l l be. 
In th is comment two values are used for the calculat ion of the temperature 
dependency: the average of the two values reported and the maximum value, 
respectively 90 kJ/mol and 110 kJ/mol. In a l l calculations i t is assumed 
that the rate of SO, formation has a speci f ic value at a bed temperature of 
850 °C; th is value is varied between 102 and 10' ( in paper 2.6 the value of 
10* [1/Akmol /m3 ) /s ] was used to derive the model f i t s ) . 

The act ivat ion energy of the sorbent su l fa t ion react ion, E,, is taken as 
70 kJ/mol, which is an average value being in agreement with data reported 
by Marsh and Ulrichson (1985). Here i t is also assumed that the rate of 
sorbent su l fa t ion has a speci f ic value at 850 °C. This value is based on the 
average S02 k inet ic rate constant of 200 mm/s as i t is reported in chapter 
2.2; th is value agrees with a rate constant based on SO, su l fa t ion of about 
2.7 m/s. 

The resul t of the calculations is summarized in the Figures 1.1 and 1.2. 
I t is shown in Figure 1.1 that at re la t i ve low values of the forward 
reaction rate parameter K, at 850 "C (100 to 5000 [ l /Akmo l /m 'J /s ] ) a 
maximum in the i n i t i a l reaction rate as a function of temperature is easi ly 
obtained: respectively at about 710, 790, 835, 880 and 930 "C. So the 
maximum of 900 °C reported by Hartman and Coughlin (1976) should correspond 
with a re la t i ve ly low value of <, between 100 and 500 [1/ / (kmol/m J ) /s] at 
850 "C. 

Furthermore i t is demonstrated in Figure 1.2 that at higher values of 
the rate parameter K, the maximum disappears and the i n i t i a l reaction rate 
decreases gradually with increasing temperature. 
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F 1 8 u r e l | - 1 : "The effect of temperature on sorbent sulfation: the in i t i a l 
sorbent sulfation rate r0 as a function of temperature at different values 
of the forward SO, formation rate parameter K, (values given at 850 °C); the 

act ivat ion energy of SO, formation equals E, - 1Ü0 kJ/mol. 
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Figure t.2: The effect 
sul fat ion rate r, 

of temperature on sorbent su l fa t ion : the i n i t i a l 
as a function of temperature at d i f ferent values sorbent 

of the forward SO, formation rate parameter K, (values given at 850 °C) " the 
act ivat ion energy of SO, formation equals E, - 90 k j /mol . 
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Consequently, these calculations make clear that the temperature 
dependency of the rate of su l fa t ion , together with the occurence of an 
optimum, can easi ly be described by the rate of SO, formation in the SURE 
model. However, i t is also observed that hereto a value of the forward 
reaction rate constant K, at 850 °C has to be applied which is s ign i f i can t ly 
lower than the value of 101" used in paper 2.6. 

A same type of approach has been discussed by Burdett (1983). He assumed 
the pore d i f fus ion and solids d i f fus ion coeff ic ients in an extended pore/ 
grain model as well as the rate of SC, formation to be temperature 
dependent, which resulted in a maximum sul fat ion rate between 800 °C and 
900 °C. In the calculations an average value of the act ivat ion energy of SO, 
formation of 133 kJ/mol was applied. 

In paper 2.6 i t has also been reported that the rate of su l fa t ion of the 
synthetic sorbent material increases continuously when the temperature is 
increased from 800 to 950 "C. With the expression for r0 as given above, i t 
i s calculated that th is Increase can only be obtained with values of K, at 
850 "C lower than 5000. This implies that i n these cases <, might not always 
be neglected (which means i t might not be assumed to be very high) and 
should be incorporated in the model equations. 

For example, th is means that the second assumption as outl ined in the 
previous comment, Eq.[3.U], is not va l id anymore. The expression for the 
dimensionless to ta l sulfur (S02 ♦ SO,) out let concentration, Eq.[3.T], 
becomes under these circumstances: 

e - B0 (1-0,) - (A0/Po) l n [ o , ] [1.8] 

wi th the dimensionless sorbent surface area o, - S,/S,0 being given as: 

°> P0 [B0 X0 - (B.-1)] L - y J 

Here the equil ibrium parameter A„ is defined by: 

A, - 1 * 1/[K, c/n2] ♦ 1/[<, i g c^1} [«.10] 

Furthermore the dimensionless parameter B„ in th is equation ['t.9] is defined 
as the 'formation rate parameter' and is given by: 

B0 - 1 * I / I K , Tg e j j « ] - A0 - i / [K„ o j£*] [«.11] 

B0 approaches 1 at a high rate of SO, formation (B0*1 at <,-*»). 
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2.1.5 Comment 5: pore plugging and SURE modeling: a tool Tor the 

optimization of aorbent consumption 

The phenomenon of deact ivat lon of a aorbent p a r t i c l e due to pore 

plugging has been Incorporated In the SURE model (see Eq . [15] , page 25) by 
assuming tha t the sorbent conversion i s l imited by a maximum possible 
reac t ion time T „ . So, for example, TC may be the pore plugging time at which 
a l l the pores in the p a r t i c l e are blocked before t o t a l conversion of the 
sorbent has been reached. The corresponding maximum conversion of the 
sorbent , a , can be ca lcula ted from de ta i led pore plugging model equations max 
(see for example Eq.[A1.25], page 60) . 

So, according to t h i s SURE model approach, i t i s assumed that when 
t £ T0 (here t I s the time that the sorbent p a r t i c l e i s present in the 
combustor during steady s t a t e ope ra t ion) , s t i l l a l l the unreacted sorbent 
surface area ( I . e . o ( t )*S 0 ) ' c o n t r i b u t e s ' to the driving force for the 
su l f a t ion r e a c t i o n . So, at t - T0 s t i l l a cont r ibut ion of o( t )*S 0 - o , *S0 

- (1-a )*S0 to the driving force is present . However, when t > T0 then a l l max 
the pores are blocked, so no reac t ive surface i s present anymore which 
implies that a ( t > t 0 ) = 0. 

This SURE model approach has as a consequence t h a t , due to i t s 
d e f i n i t i o n , the course of the reac t ive sorbent surface area ( o ( t ) ) of one 
sorbent p a r t i c l e i s d iscont inuous . However, other (more de ta i l ed ) pore 
c losure models suppose a gradual and continuous change of the r eac t ive 
surface area as a function of time (see e .g . Simons and Carman (1986)) . 
But i t i s a l so obvious that in the actual s i t u a t i o n of steady s t a t e 
su l f a t ion of more than one p a r t i c l e in a combustor, the mean conversion (as 
ca lcu la ted from the SURE model) as a function of time of a number of 
p a r t i c l e s , which have been feedeti one a f t e r the other with small time 
i n t e r v a l s , wil l demonstrate a more gradual change at t ■ t , than in case of 
only one s ing l e p a r t i c l e . Therefore, the preference has been given t o the 
SURE model approach, because i t i s a lso much simpler t o apply In overa l l FBC 
su l f a t ion models. 

Summarizing, i t i s assumed in the SURE model that In case of the steady 
s t a t e su l f a t ion of a sorbent p a r t i c l e In a combustor I t can be wr i t t en t h a t : 

t < T0 : o ( t ) - exp[- M (l-R) ( t / i )] and a ( t ) - 1 - o ( t ) [5 .1a] 
3 

t = T0 : o(t) - o - exp[- M (1-R) (T„/T )] and o(t) = a „ [5.1b] 

t > To : o(t) - 0 and a(t) ■= a v [5.1c] 
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These equations are demonstrated in Figure 5.1 in oase of a p r ac t i ca l 
s i t u a t i o n with M - 5 [ - ] , R - 0.8 [-] and T - 10 h r . I t i s concluded tha t 
the maximum conversion of the p a r t i c l e (a - 0.42 [ - ] ) i s reached at 

max 
U - 5.3 h r . 

I 

Figure 5 . 1 : o ( t ) and a ( t ) of one sorbent p a r t i c l e as a runct ion of t ime. 

The r a t i o between the pore plugging time T0 and the average sorbent 
residence time T S i s an important system parameter, because i t demonstrates 
whether the sorbent remains too long or too shor t in the reac tor with 
respect t o the time in which i t reaches i t s maximum conversion. For example, 

the sorbent remains too long in the system when -T0/T < 1: in t h i s case a 
s 

par t of the sorbent in the reac tor i s not ac t i ve anymore because i t has 
a l ready reached i t s maximum conversion. However, when I 0 / T > 1 then sorbent 
i s ' s p o i l e d ' , because i t a l ready leaves the r eac to r before i t has reached 
i t s maximum conversion. Consequently, an optimum s i t u a t i o n from the point of 
view of sorbent consumption i s obtained at T 0 / T - 1. This r a t i o can be 

s 
wr i t t en according t o Eq.[5.1b] as : 

T 0 / T S - - l n ( l - a m a x ) / M / (1-R) [ 5 . 2 ] 
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Th is r e l a t i o n i s p l o t t e d i n Figures 5.2a and 5.2b f o r the s i t u a t i o n tha t 

R ■ 0.8 [ - ] at d i f f e r e n t values of the r e t e n t i o n parameter M. I t i s 

concluded from F igure 5.2a tha t at small values of M (S 2) and a l so at h igh 

a (> 0.8 [ - ] ) , the s i t u a t i o n i s obtained tha t t 0 > i . 

Fur thermore, F igure 5.2b shows t h a t i n case of l imestone s u l f a t i o n ( w i t h i n 

values of 

Furthermor 

general 0.3 < a < 0 . 5 ) , the s i t u a t i o n i s e a s i l y achieved t h a t T 0 < T 

when M > 2 [ 

i 

H 

o 

■ ] . 
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F igure 5.2a: The r a t i o TO^T as a f u n c t i o n of the maximum convers ion at 
d i f f e r e n t values of the r e t e n t i o n parameter M (R = 0.8 [ - ] ) . 

'max 

Figure 5.gb: The r a t i o T 0 / T as a f u n c t i o n of the maximum convers ion at 
d i f f e r e n t values of the r e t e n t i o n parameter M (R - 0 .8 [ - ] ) . 
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According t o Eq. [5 .2] i t can be derived at the optimum T, - T tha t : 

M - - l n ( l - a ) / (1-R) [5 .3 ] 
DlaX 

Subs t i t u t i on of Eq. [5 .3] in E q s . [ 2 5 ] . . . [ 2 7 ] of chapter 2.2 (page 26) r e s u l t s 

in an expression for the optimum (Ca/S) r a t i o at t 0 * i (ci „ < ' [ " ] ) : 

«^'opti-un ■R ^uiïfeör'[1" n~a™*] expM,] [5-u] 
ludX 

This remarkable r e s u l t i l l u s t r a t e s that now the (Ca/S) r a t i o i s not anymore 
a function of the r e t en t ion parameter M, because the connection between M 
and a has been es tab l i shed by E q . [ 5 . 3 ] . With 1 'Höp i t a l ' s ru le i t i s seen 

!T13X 

tha t at a -1 the optimum average conversion equals 1 and ( C a / , S )
0 D M r a u m " R -

Furthermore, from a combination of Eq.[5.3] and the de f in i t ion of the 
r e t en t ion parameter M (Eq.[28] of chapter 2 .2 (page 27) ) , the following 
expression for the corresponding optimum sorbent residence t i n e T can be 
derived: 

- In 1-a q * max__ 
'Vopt imum " U o Joptimum " " (1-R) ~k i 

fT 1 — . m a x : Ï - [5 5 ] 

These r e s u l t s wi l l now be i l l u s t r a t e d with a ca lcu la t ion example. The 
following average reac tor circumstances and sorbent p roper t i e s are appl ied: 

U0 = 2 m/s; * /F - 0.02 mol/s/m2; d0 - 1 mm; p„ - 2700 kg/m'; x, - 0.95 [ - ] ; 
k = 0.1 m/s; F - 1 ir,2; R - 0.8 [-] and a_„„ - 0.10 [ - ] . 

max 

With these data i t i s ca lcu la ted tha t : 

(T ) „. = 3.03 [ h r ] and (Ca/S) . . - 3.01 [ - ] . 
' s optimum ->-><■ optimum 

In order to r e a l i z e t h i s optimum sorbent res idence time in the r eac to r , 
the appropr ia te r eac to r volume has to be designed based on the r e l a t i o n s h i p : 
T » (volume of sorbent in r eac to r ) / (volumetric sorbent feed r a t e ) . From s 
t h i s equation the required volume of the sorbent in the reac tor can be 
ca l cu la t ed . Subsequently, from t h i s r e s u l t and with the average bed 
poros i ty , the volume of the heat exchanger pipes and the volume of coal and 
ash in the bed, f i n a l l y the required t o t a l reac tor volume can be obtained. 

Summarizing, in t h i s comment i t has been e lucidated how an optimum 
degree of sorbent consumption can be e s t ab l i shed : the average residence time 
of the sorbent in the f lu id bed system should equal the time of pore 
c losure , from which the optimum (Ca/S) r a t i o can be der ived . 
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CHAPTER 3: PARTICLE MOTION in SLUGGING GAS FLUIDIZED BEDS 

3.1 Int roduct ion 

The f lu id dynamical behaviour of bed mater ia l used in the f lu id ized bed 
combustion of coal i s an important phenomenon which grea t ly influences the 
mechanism of p a r t i c l e mixing and segrega t ion . In FBC general ly large 
p a r t i c l e systems are applied which give a tendency to the appearance of 
s lugging, e spec ia l ly in smaller diameter systems (as for example a re found 
between the heat exchanger tubes in FBC u n i t s ) . 

In the f i r s t paper (chapter 3.2) segregat ion and slugging experiments 
are presented which have been carr ied out with a binary la rge p a r t i c l e 
system represent ing the ash-coal / scrbent mixture in a f luid bed combustor. 
The slugging beds are character ized by dimensionless s lug parameters which 
are obtained form visual bed height measurements. The Influence of the 
supe r f i c i a l gas ve loc i ty , the bed diameter and the bed aspect r a t i o on the 
extent of segregation i s inves t iga ted . A simple segregat ion model i s 
introduced which i s based on a mechanism of segregat ion in slugging gas 
f luidized beds tha t i s proposed being based on experimental observa t ions . 

In the second paper (chapter 3.3) an experimental study i s presented 
with the object ive to inves t iga te with a dynamic radioact ive t r ace r 
technique the movement of sorbent p a r t i c l e s in a one- and two-component 10 
cm ID f lu id bed. Information i s obtained on the presence p robab i l i ty of the 
t r a c e r p a r t i c l e as a function of the bed he ight , the frequency of passage of 
the t r a c e r at a given bed l e v e l , the p robab i l i ty for a d i r ec t ion change, the 
magnitude of the up- and downward v e l o c i t i e s of the t r a c e r as a function of 
bed height and on the random diffusion- (or d i spe r s ion- ) l i k e character of 
the p a r t i c l e s t r a j e c t o r i e s . This information i s s u f f i c i e n t to obtain a 
useful q u a l i t a t i v e descr ip t ion of the mechanism of p a r t i c l e motion in these 
systems. Furthermore a general model for the motion of p a r t i c l e s in slugging 
f lu id ized beds i s formulated based on t h i s mechanist ic desc r ip t i on . 
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SEGREGATION in a SLUGGING FBC LARGE PARTICLE SYSTEM 

J.C. Schouten, P.J.M. Valkenburg and C M . van den Bleek 

SUMMARY 

I n t h i s paper steady s t a t e segregat ion and s lugg ing experiments are 
presented which have been c a r r i e d out w i t h a b inary l a rge p a r t i c l e system 
represen t ing the ash-coa l /sorbent m ix 'u re i n a f l u i d bed coal combustor. The 
s lugg ing beds are charac te r i zed by dimensionless s lug parameters which are 
obta ined from v i sua l bed height measurements. The In f luence of the 
s u p e r f i c i a l gas v e l o c i t y and the bed diameter on the ex tent of p a r t i c l e 
segregat ion i s I n v e s t i g a t e d . I t i s shown tha t a c r i t i c a l bed diameter e x i s t s 
beyond which segregat ion i s n i l . A simple segregat ion model i s in t roduced 
proceeding w i th a proposed mechanism of segregat ion i n s lugg ing gas 
f l u i d i z e d beds, which I s based upon the v i s u a l l y observed f l ow of p a r t i c l e s . 
The segregated p a r t i c l e d i s t r i b u t i o n i s charac te r i zed by one ' P e c l e t - l i k e ' 
dimensionless number, which i s the r a t i o between the net p a r t i c l e convect ive 
and segregat ing f lows and the d i spe rs i ve s o l i d s f l ow i n the bed. 

1 . INTRODUCTION 

1.1 Segregat ion i n gas f l u i d i z e d beds 

From a p a r t i c l e po in t of view a gas f l u i d i z e d bed i s usua l l y assumed t o 

be w e l l mixed. However, segregat ion may occur when the bed con ta ins more 

than one type of p a r t i c l e s . I n t h a t case segregat ion w i l l take place due to 

the d i f f e rences in p a r t i c l e p r o p e r t i e s , l i k e a . p a r t i c l e d e n s i t y , 

b . p a r t i c l e 3 ize and, c. p a r t i c l e shape. In general segregat ion i s most 

i n f l uenced by dens i ty d i f f e r e n c e s . 

Furthermore other parameters that determine the ex tent of p a r t i c l e 

segregat ion In a f l u i d bed system are r e l a t e d t o the amount of p a r t i c l e s 

a p p l i e d . The c h a r a c t e r i s t i c parameters i n t h i s case a re : a . the bed aspect 

r a t i o at minimum f l u l d l z a t i o n (which i s r e l a t e d t o the t o t a l amount of bed 

m a t e r i a l ) and b. the weight r a t i o of the segregat ing components i n the bed. 

F i n a l l y the ex tent of segregat ion i s g r e a t l y i n f l uenced by f l u i d bed 

system p rope r t i es which are independent of the p a r t i c l e m ix tu re a p p l i e d . 

Most notab ly these are: a. f l u i d bed dimensions, as the ( h y d r a u l i c ) bed 

diameter and the bed he igh t , and b. bed ope ra t i ng c o n d i t i o n s , l i k e the 

s u p e r f i c i a l gas v e l o c i t y . 

A comprehensive review on the s u b s t a n t i a l l i t e r a t u r e on segregat ion i n 

gas f l u i d i z e d beds Is provided by Beeckmans e t a l . (1981) . C l e a r l y most of 

the research on segregat ion i s ca r r i ed out on the G e l d a r t ' s A- and B-

powders, i . e . the smal l p a r t i c l e systems. However segregat ion i n l a rge 

p a r t i c l e B- and D-powder systems has been r e l a t i v e l y neglected In l i t e r a t u r e 

so f a r , a l though these type of systems are more and more common; f o r example 
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they are character ist ic for the bed material applied during the f lu id ized 
bed combustion of coal (FBC). 

One main reason for th i s neglect may be that the mode of f l u id i za t ion in 
large par t ic le f l u i d beds (slugging type of f lu id iza t ion) d i f fe rs 
s ign i f i can t ly from that in smaller par t ic le systems (bubbling beds). This 
causes that the mechanism of segregation, on which generally the 
mathematical modeling of par t i c le segregation is based, w i l l also strongly 
d i f f e r in both systems which requires another approach in the modeling of 
segregation in large par t ic le systems. 

1.2 Segregation of par t ic le systems during FBC 

The part ic les applied in FBC are B- or D-type of powders according to 
the c lass i f i ca t ion scheme of Geldart (1973) or ' f l u i d dynamically la rge ' 
according to Jovanovic and Catlpovlc (1983). They d i f fe r s ign i f i can t ly in 
size and density; coal ash: d = 700 pm, p = 2600 kg/m'; coal: d » 1 - 6 mm, 
D « BOO - 1100 kg/m'; limestone/dolomite: d « 300 pm - 5 mm, c ■ 1200 -

2700 kg/m'. 
Furthermore the re la t ive amounts of ash, coal and sorbent that are 

present in the combustor are strongly d i f fe ren t ; generally the bulk of the 
bed consists of ash and sorbent, while coal is present in only a small 
weight percentage. 

Consequently, segregation of the bed material during FBC w i l l be 
enhanced by a. the clear differences in the par t ic le properties as well as 
by b_. the difference in the i r re la t ive weight ra t ios . 

However, i t Is clear that a good mixing during FBC has to be 
accomplished: a. to derive an optimum contact between the gaseous sul fur 
species released from volat i les and char combustion and the sorbent material 
i n order to obtain an e f f i c ien t sul fur capture, and b. to avoid 
def lu ld lzat lon of the par t ic les. 

This la t te r phenomenon Is caused by var iat ion of the minimum 
f lu id i za t ion veloci ty along the bed height due to segregation. I t occurs 
especially when the actual superf ic ia l gas velocity in the bed becomes 
smaller than the local minimum f lu id iza t ion veloc i ty . In general th is 
happens in a region jus t above the d is t r ibutor (Chlba and Nienow, 1981; 
Beeckmans, 1981). This phenomenon must be avoided, because: a. i t enhances 
coking, s in ter ing and c l inker ing of the ash (Cooke et a l . , 1982), and b. I t 
w i l l decrease the coal combustion eff ic iency as well as the level of sul fur 
retent ion, and c. i t can shorten the l i fe t ime of the applied (regenerative) 
sorbent mater ial . 
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A complicating factor i s fur ther that the r a t e and extent of sorbent 

segregat ion wil l change as a function of time due to the sulfur-uptake 

(Valkenburg et a l . , 1986). 

So i t i s obvious that in FBC the r a t e and extent of segregat ion have to 

be well known in order to se l ec t the proper bed dimensions (hydraul ic) bed 

diameter) and the correc t operat ing conditions ( super f i c i a l gas v e l o c i t y ) . 

1.3 F lu ld iza t lon behaviour during FBC 

In general the f l u i d i z a t i o n behaviour of FBC-large-par t ic le systems i s 
character ized as 'slow bubbl ing ' : the bubble r i s e ve loc i ty i s smaller than 
the I n t e r s t i t i a l ve loc i ty ; the t r a n s i t i o n zone between the slow bubble void 
and the dense phase i s not well defined and p a r t i c l e s can r a i n through the 
voids . 

However, the f l u ld i za t lon behaviour in a FBC combustor i s a l so 
influenced by the closely packed i n t e rna l s as heat exchanger tubes . The 
space surrounded by the convex s ide of the tubes may be regarded as a system 
of small p a r a l l e l f lu id ized beds with a hydraulic bed diameter of about 5 to 
30 cm. The so l ids exchange between the p a r a l l e l sec t ions i s low (Chen et 
a l . , 1983) and a good ve r t i ca l mixing takes place with hor izonta l tubes 
posi t ioned in l i n e (Raven and Sparham, 1982) or with v e r t i c a l p ipes . The 
f lu ld i za t lon i s mostly of the slugging type and shows remarkable agreement 
with the mode of f l u id i za t ion in r e l a t i v e l y small diameter f lu id beds as i s 
discussed by Noordergraaf e t a l . (1987). 

Consequently, slugging i s an important f lu id dynamical phenomenon that 
c e r t a i n l y can influence the extent of segregation of coal and sorbent during 
f lu id bed combustion. 

1.1 Objective of th is paper 

Therefore in t h i s paper slugging and segregation experiments in small 
diameter f luid beds with l a rge p a r t i c l e s are presented that are characte
r i s t i c for FBC-part icle-systems. 

Further a simple steady segregation model Is given which i s derived from 
the mechanism of segregat ion In slugging beds as i t i s formulated based upon 
the observed p a r t i c l e flow. 
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2. EXPERIMENTAL 

2.1 Slugging and segregat ion measurements 

Bed height and slugging measurements as well as segregat ion experiments 
have been ca r r ied out at ambient condit ions in 3.5 cm, 5 cm, 7.5 cm, 10 cm 
and 15 cm ID p lex ig lass f lu id beds a t s u p e r f i c i a l gas v e l o c i t i e s ranging 
from the minimum f l u i d i z a t i o n veloci ty U , - 0.6 m/s to 2 m/s . The bed 

mi 

aspect r a t i o at minimum f l u i d i z a t i o n (K _/D) i s varied between 0.79 and 3.01* 
in the segregat ion experiments, while H /D Is r a i sed to 1«.8 in the bed 
height measurments in the 10 cm ID bed. 

Group D p a r t i c l e systems are used tha t resemble the composition of an 
ash-coal /sorbent mixture in a FBC combustor. The ash i s represented by sand 
p a r t i c l e s with a mass-averaged diameter of 1 mm (850 - 1200 urn). The coal 
and sorbent a re represented by ( c y l i n d r i c a l ) alumina p a r t i c l e s with 
dimensions (2.9 - 3.7 mm) and dens i t i e s (1250 - 1285 kg/m1) comparable t o 
coal and l imestone/dolomite . The mater ia l p roper t i e s are summarized in Table 
1. The weight r a t i o between sand and alumina in the segregat ion experiments 
i s varied between 2 and 5; an overview i s provided in Table 2 . 

mate r i a l 

sand 

Y-alumina 

ca lc ined 
a-alumina 

i r o n 

Table 1 

shape 

spher i ca l 

c y l i n d r i c a l 

cy l i n d r i c a l 

sphe r i ca l 

P roper t ies of 

diamet 
1) (mm 

1.0 

3.7 

2.9 

0.45 

er d 
) 2) 

-

3.1 

2.5 

-

m a t e r i a l s . 

l eng th 1 
(mm) 

-

3.« 

2.5 

-

dens i ty p 
(kg/m3) 

2600 

1285 

1250 

7860 

1) based on sphe r i ca l shape; 
2) based on c y l i n d r i c a l shape. 

In a typ ica l segregat ion experiment f i r s t the minimum and maximum bed 
heights are measured at the chosen gas veloci ty by means of visual 
observat ion . Further the bed Is f lu ld lzed for 15 minutes whereupon the gas 
flow i s abruptly stopped. This period of time i s su f f i c i en t to reach steady 
segregat ion condi t ions ; preliminary experiments showed that the steady s t a t e 
s i t u a t i o n at a gas veloci ty of 1 m/s i s already obtained a f t e r 15 to 20 
seconds. Subsequently the bed content i s removed In f ive l ayers of iden t i ca l 
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height by means of a spec ia l vacuum equipment. In each layer the p a r t i c l e s 

are separated by s ieving a f t e r which t he i r amount i s determined by weighing. 

In general the l o s s of weight in an experiment i s l e s s than 2%. 
Segregation experiments were also ca r r ied out with mixture I (Table 2) 

in a 10 cm ID f lu id bed f a c i l i t y at atmospheric pressure and 850 °C. The 
supe r f i c i a l gas veloci ty was varied between U _ - 0.38 m/s and 2 m/s; the 

mf 
H _ /D-ra t lo was fixed at 2 . 1 . The same technique of abrupt de f lu id i za t lon 
and layer by layer ana lys is was used. The bed height was measured with use 
of a technique based on heat conduction (Kroon, 1986). 

Table 2: P a r t i c l e mixtures used in segregat ion experiments. 

p a r t i c l e mixture mater ia l s weight r a t i o W 

I sand/calcined alumina 3 
I I sand/calcined alumina 1 

I I I sand/Y-alumina 2 
IV sand/Y-alumina 1 
V sand/calcined alumina 5 

To inves t i ga t e the effect of f luid bed diameter on the extent of 
segregat ion a l so experiments have been ca r r ied out at d i f fe ren t bed 
diameters with a s t rong segregat ing p a r t i c l e system: a 5:1 weight mixture of 
i ron p a r t i c l e s (d - '150 urn; p - 7860 kg/m') and cyc l indr ica l 3.7 mm Y-
alumina p a r t i c l e s at a H /D- ra t io of 2 and an excess gas ve loc i ty of 
0.30 m/s. 

2.2 Extent of segregat ion 

The extent of segregat ion i s expressed In a number S on a sca le of 0 to 
100 [ - ] , which represents the axial d i s t r i b u t i o n of the segregat ing 
(flotsam) alumina p a r t i c l e s according t o : 

S - ABS [(NM-NL 2)-(NL 1 )*NL 5)] [1] 

N i s the percentual weight of the alumina in bed layer Li (i - 1, 2, 
LI 

•i, 5; L1 i s the top l a y e r ) . S - 0 [-] in case of complete mixing, while S -
100 [-] for complete segregat ion; so the l a t t e r s i t u a t i o n i s obtained when 
a l l alumina p a r t i c l e s are found in the upper two layers of the bed. 
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3. SLUGGING IN FLUID BEDS 

3.1 T h e o r e t i c a l 

3 .1 .1 Types of s lugg ing 

I n general th ree major types of s lugg ing can be recognized (Geldar t et 

a l . , 1978): 1 . square-nosed or s o l i d s s l u g g i n g , 2 . symmetr ical round-nosed 

s lugg ing (ax i -symmetr ic round-nosed s l u g g i n g ) , and 3- asymmetrical round-

nosed or w a l l s l ugg ing . 

Square-nosed s lugs are on ly encountered f o r l a rge d / D - r a t i o s and o f t e n 

i nvo l ve rough w a l l s . Dur ing square-nosed s lugg ing the s o l i d s r a i n through 

the gas s l u g from a c e i l i n g above and no c l e a r s l u g boundary can be observed 

(Noordergraaf e t a l . , 1987; T h i e l and Po t t e r , 1977). Hovmand and Davidson 

(1971) consicered the ' r a i n i n g s lug regime' t o be a breakdown of proper 

f l u i d i z a t i o n which occurs in beds of a diameter less than 5 cm. 'However, 

T h i e l and Pot te r (1977) concluded t h a t coarse p a r t i c l e s r e a d i l y form square-

nosed s lugs in high aspect r a t i o beds of a diameter even up t o 22 cm. 

Symmetrical round-nosed s lugs appear i n the in te rmed ia te reg ion where 

square-nosed s lugs are g i v i n g way t o the asymmetrical round-nosed ( w a l l ) 

s l u g s . 

3.1.2 Cha rac te r i za t i on of s lugg ing 

The f l u i d i z a t i o n behaviour of s lugg ing beds i s i n general completely 

charac te r i zed by three parameters, which are a_. the minimum f l u i d i z a t i o n 

v e l o c i t y , and b .̂ two empi r i ca l dimensionless s lug parameters. These three 

parameters determine the minimum and maximum expansion of s lugg ing f l u i d i z e d 

beds at a g iven value of the s u p e r r i c a l gas v e l o c i t y . 

The minimum (H , /H . ) and maximum (H /H . ) bed expansion of slugging min mi max ml 
beds are der ived from expressions f o r the minimum and maximum bed height as 

given by Kehoe and Davidson (1973) r e s p e c t i v e l y as: 

Emin " ' * ( 1 " b ) t U ° " Umf) ' L s a n d Emax " 1 * [ U« " U mf l ' % [ 2 a ] 

o r : " W " 1 ' " ( U«-Umf> ' Us a n d Emax ' , / ( 1 - b ) Emin " b / ( 1 " b ) [ 2 b ] 

'J° i s the s t a b l e s lug v e l o c i t y which i s def ined as: 

U° - 0.35 [a g D ] l / ' [ 3 ] 
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The empirical slug parameter a Is related to the type of slugging and 
character ist ic values have already been obtained in l i t e ra tu re . I t equals 1 
for round-nosed slugs; a - 2 in case of wall slugs, while a equals 0.26 when 
i t is assumed that the same form of equation can also be applied to square-
nosed slugging (Rudolph and Judd, 1986). 

Further, the empirical slug parameter b is introduced here: i t 
represents the ra t io between the height of a single par t ic le slug (T*D) and 
the bed height at minimum f l u id i za t i on : b - T*D/H . . This parameter provides 
an indicat ion for the number of par t ic le slugs that is present in the bed: 
more than two so l id slugs w i l l be present when b < 0.5, while i t i s l i ke l y 
that generally only one slug i s present when b >> 0.5. 

3.2 Experimental r e s u l t s 

3.2.1 Minimum f lu id i za t ion veloci ty U . 

The minimum f lu id iza t ion velocity is simply obtained from bed height 
measurements by p lo t t ing the minimum and maximum bed height as a function of 
gas velocity (Noordergraaf, 1985). A typical example is shown in Figure 1 
for mixture I in the 5 cm ID bed: U is approximated as 0.59 m/s by l inear 
extrapolat ion, while the corresponding bed height at minimum f lu id i za t ion 
equals 15.2 cm. 

100 

80 

60 

(.0 

20 

Hmax 

-B B - ^ B 

02 0.4 0 6 0.1 
Uo ( m / s ) 

10 1.2 1.4 

Hmin 

1.6 

Figure 1: The minimum and maximum bed heights as a function of the super
f i c i a l gas veloci ty; duplo experiments have been indicated. 

(Mixture I ; D - 5 cm; H . /D - 3-0*4 [ - ] j U . - 0.59 m/s; H . - 15.2 cm; 
a - 0.89 ¥ - ] ; b - 0.89 [- ] ;mT - 2.70 [ - ] ) . m r 
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I t i s observed that the minimum bed height i s only a few em's above the 
bed height at minimum f l u i d i z a t i o n ; the increase with gas veloci ty i s very 
smal l . However, the maximum bed expansion i s a s teep function of the gas 

ve loc i ty , where the difference between E and E , reaches a fac tor of 
max min 

about 1) at 1.6 m/s in case of Figure 1. This implies tha t general ly a 
slugging bed i s charac ter ized by large f luc tua t ions of the bed he ight , which 
take place with a high frequency (0 .5 t o 2 Kz; Noordergraaf et a l . , 1987). 

The minimum f l u i d i z a t i o n veloci ty of the sand, calc ined alumina and V-
alumina are determined in the 10 cm ID bed at ambient condit ions 
r e spec t ive ly as 0.55 m/s, 0.85 m/s and 0.95 m/s. 

The minimum f l u i d i z a t i o n v e l o c i t i e s of the sand, calc ined alumina and 
the 1:3 mixture at 850 "C in the 10 cm ID f a c i l i t y are measured t o be 
0.30 m/s, 0.8 m/s and 0.38 m/s r e s p e c t i v e l y . 

3.2.2 Slug parameter a 

P lo t t i ng of <Emax-1) agains t (U0-Umf) gives a s t r a i g h t l i n e with slope 
1/Uc from which the slug parameter a i s ca lcu la ted , Eq . [2b] , An i l l u s t r a t i v e 

I c- i s shown in Figure 2 for mixture I in the 5 cm ID ted at a H _/D-

r a t i o of 3 .0" . The slug parameter a equals 0.89, which ind ica te s a mode of 
slugging in between square- and round-nosed s lugging. 

Figure 2: Determination of 
the dimensionless slug 
parameter a from the slope 
i / l ° of the s t r a i g h t l i n e 
which i s obtained by 
p l o t t i n g (E_ -1) as a 

(lid A 

function of the excess gas 
veloci ty (U0-Umf)i 
condi t ions : see Figure 1. 

x 
a 
E 

X 

Uo-Umf)<f 
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In general i t i s concluded tha t a i s independent of mixture composition, 

but s t rongly dependent on the H . / D - r a t i o as i s shown for example in Figure 

3 in case of the 10 cm ID bed. This graph demonstrates that a < 2 for H _/D-
mt 

r a t i o s of more than 2. Wall slugging i s l i k e l y to occur at aspect r a t i o s 
between 1.5 and 2 . 5 , round-nosed slugging at r a t i o s of 2 to 1, while square-
nosed slugging i s present at higher H /D- ra t ios where a var ies between 0.1 
and 0 . 5 . 

5r-

U -

3 -

- 2 
o 

» 

» 

_ • \ 
V* 

t • 

• 
!• 

• obtained from bed 
height measurements 

a - 2 

m ft™ A 

• r̂  
• 

• « 
10 15 

H m f / D [ - ] 

Figure 3: The slug parameter a as a function of the H . / D - r a t i o in the 10 cm 
ID bed; bed mater ia l i s sand and alumina in d i f fe ren t weight r a t i o s . 

3 .2 .3 Slug parameter b 

P lo t t i ng of E agains t E gives a s t r a i g h t l i n e with slope 1/(1-b) 
rn3x min 

and in t e rcep t -b / (1 -b ) from which the slug parameter b i s obtained, Eq . [2b] . 
This i s i l l u s t r a t e d in Figure 1 for f i x tu r e I in the 5 cm ID bed at a H VD-

mi 

r a t i o of 3.01; b i s ca lcula ted from the In te rcep t to be 0.895, while the 
slope gives a value of 0 .893. 

b increases c l ea r ly with the H /D- ra t io as i s shown for example in 
Figure 5 in case of the 10 cm ID bed. At aspect r a t i o s smaller than 2 a 
s teep increase in b i s measured, but t h i s i s in the region where no c l ea r ly 
defined type of slugging I s present (Figure 3: slug parameter a > 2) . In the 
region where a < 2 (H _/D > 2) the slug parameter b increases very slowly 
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Figure M: Determination of the dimensionless slug parameter b from the slope 
1/(1 —fc) or intercept b/(1-b) of the straight l ine which is obtained by 

p lo t t i ng E as a function of E .„ (condi t ions : see Figure 1) . K Q max min 
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Figure 5: The slug parameter b as a function of the H /D-rat io (10 cm bed) 
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from about 0.8 to 0.92 at H „/D - 1U.8- This means that the average length 
mi 

of a p a r t i c l e slug equals about 80$ to even more than 90$ of the bed height 
a t minimum f l u i d i z a t i o n . This implies tha t in general only one p a r t i c l e slug 
i s present in the bed. 

In t h i s sec t ion i t I s impl lc i te ly assumed by p l o t t i n g E agains t E . 
ni3x min 

tha t the dimensionless d is tance T between two successive gas s lugs 
(expressed in uni t s of bed diameter) i s not dependent on the supe r f i c i a l gas 
ve loc i ty . This assumption i s confirmed by experiment as i s i l l u s t r a t e d in 
case of mixture I in Figure 6. 

1 3 -

I • • 
T=2.70 

0.5 1.0 
U0 ( m / s ) 

1.5 

Figure 6: The dimensionless in te r s lug spacing T as a function of the 
supe r f i c i a l gas veloci ty (condi t ions : see Figure 1) . 

This r e s u l t i s in agreement with experiments of Hlki ta e t a l . (1981); 
they measured the frequencies of so l id plugs (d - 2.1 mm; p - 2250 kg/m3) to 
be nearly proport ional to the so l id flow r a t e in 5 cm and 15 cm ID p ipes . 
They concluded tha t the average length of plugs ( i . e . TD) i s almost constant 
regard less of the so l i d flow r a t e and consequently independent of the 
supe r f i c i a l gas ve loc i ty . This l a t t e r effect i s a lso repor ted by 
Donsi et a l . (198*4) for the slug flow of g lass b a l l o t i n i (351 urn) and s i l i c a 
sand (115 um) in a 20 cm ID bed a t ambient condi t ions . 
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3.2 .1 Observed p a r t i c l e f l ow 

Although s lug parameters were measured which i nd i ca ted a mode of 

s lugg ing in between symmetr ical round-nosed and asymmetrical round-nosed 

s lugg ing a t H _ / D - r a t l o s between about 2 and 1 as discussed i n s e c t i o n 

3 . 2 . 2 , we c l e a r l y cou ld s t i l l v i s u a l l y observe the r i s e of s o l i d s plugs 

fo l lowed by the t r a n s i t i o n t o swarms of p a r t i c l e s r a i n i n g through the next 

gas s lug over the complete c ross -sec t i ona l bed area. No downwards f low was 

observed of p a r t i c l e s predominant ly past t he r i s i n g gas s l u g i n an annular 

reg ion on the wa l l as i s f r equen t l y repor ted i n l i t e r a t u r e t o be charac te 

r i s t i c f o r round-nosed s l u g g i n g . 

Only i n the 15 cm ID bed at low H . / D - r a t i o s (smal le r than 1) no s o l i d s 
mf 

r a i n i n g i s observed anymore. The mode o f f l u i d i z a t i o n seems t o be more t h a t 

as i t i s a t t r i b u t e d t o w a l l s l ugg ing : successive dense plugs of s o l i d s f low 

downwards a longside the pipe w a l l s . Th is imp l ies t h a t the main upwards f l ow 

of p a r t i c l e s should take place i n the center of the bed. 

1 . SEGREGATION IN SLUGGING FLUID BEDS 

ft.1 T h e o r e t i c a l 

1,1.1 Mechanism of p a r t i c l e f l ow i n s lugg ing f l u i d beds 

I n the same way as i s proposed f o r example by May (1959) , Van Deemter 

(1967) and G i b i l a r o and Rowe (1971) i n case of s o l i d s f l ow i n smal l p a r t i c l e 

diameter systems, i t i s assumed here i n case of s lugg ing la rge p a r t i c l e 

f l u i d beds t h a t the f low of s o l i d s i s charac te r i zed by four f l ow mechanisms: 

convect ive f l o w , segregat ing f l o w , d i s p e r s i v e f l ow and/or p a r t i c l e exchange. 

The f o l l o w i n g f l ow mechanism f o r segregat ing p a r t i c l e s i n round- and 

square-nosed s lugg ing beds i s proposed based upon the measured and observed 

f l ow of s o l i d s as discussed i n s e c t i o n 3 .2 ; a schematical r esp resen ta t l on i s 

g iven i n F igure 7: 

* the segregat ing p a r t i c l e s move downwards i n the gas s lug w i t h a convect ive 

v e l o c i t y ( v ) , which i s r e l a t e d t o the descending v e l o c i t y of s o l i d s i n the 

gas s lug due t o g r a v i t y ; 

* the segregat ing p a r t i c l e s move upwards i n the p a r t i c l e s l u g w i t h a 

convect ive v e l o c i t y ( k ) , which conta ins a segregat ing component tha t i s 

predominantly caused by an 'A rch imedes - l i ke ' upwards fo rce due t o dens i ty 

d i f f e r e n c e s between the p a r t i c l e s (buoyancy); 
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* p a r t i c l e exchange takes place a t the boundary between the gas and p a r t i c l e 

slug between the up flowing and down flowing segregat ing p a r t i c l e s and i s 

represented by a t r ans fe r coeff ic ient (p) expressed in volumes of s o l i d s 

per unit bed volume per uni t of t i ne ; 

» eventual ly a l so a d i spers ive p a r t i c l e flow may be present ; however, i n the 

next sec t ion i t wil l be shown tha t p a r t i c l e exchange and p a r t i c l e 

d ispers ion are t h e o r e t i c a l l y i n t e r r e l a t e d . 

H 

h 

0 V 

k 

v 
ID 

1 

z 
A 

0 

k 
f 

vv 

model A 1 model A 2 
Figure 7 : Schematlcal represen ta t ion of the p a r t i c l e flows in a slugging 

f luidized bed. 
Model A1 : convective p a r t i c l e flows (v,k) and p a r t i c l e d ispers ion (D0); 

Model A2: convective p a r t i c l e flows (v,k) and p a r t i c l e exchange (p ) . 

v and k a re the average l i n e a r ve loc l tes of the segregat ing p a r t i c l e s in 
the respec t ive downwards and upwards s o l i d flows; so f v and f k are the 
supe r f i c i a l v e l o c i t i e s with f and f r epresen t ing the volume f rac t ions of 
the s o l i d s . I t Is obvious that (f *f ) equals (1-f - e ) , with f i s the 
volume f rac t ion of the non-segregating mater ia l and e i s the bed po ros i ty . 

The present authors have already shown that model A1 as indicated in 
Figure 7 i s able to describe the occurence of a maximum In the non-steady 
s t a t e segregat ing p a r t i c l e d i s t r i b u t i o n as a function of time due t o a 
p u l s e - l i k e input of s l i g h t l y higher density t r a c e r p a r t i c l e s in a 10 cm ID 
bed (Valkenburg et a l . , 1986). 
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U.1.2 Modeling of p a r t i c l e flow In slugging f lu id beds 

Two simple mathematical models are s e t up based on the flow mechanism as 
out l ined in the previous sec t ion and as shown In Figure 7. For both models 
mathematical equations wil l be der ived, which descr ibe the axia l segregat ing 
p a r t i c l e d i s t r i b u t i o n . 

model A1 

The following d i f f e r e n t i a l equation i s derived from a steady s t a t e mass 

balance In case of model A1: 

.. JijU . Ur,. fk „ p.<0» . „ m 

The two boundary condit ions a re : 

1. no mater ia l leaves the bed at the tcp or at the bottom; 

at h=0 and h-H: D0 J - j ™ " ► <f„ V - fR k) c(h) = 9 [5] 

2 . the t o t a l amount of segregat ing mater ia l N i s obtained by in t eg ra t ion of 
c(h) along the bed height h: 

N - ƒ H c(h) F dh [6] 
o 

Solut ion of t h i s se t of equations r e s u l t s in an expression for the ax ia l 

p a r t i c l e concentra t ion: 

c (z ) = c„ : i - f ; ^ : ; 5 7 with c0 - N/(HF) and z = h/H [7] 

The amount of segregat ing mater ia l An(iz) in a bed layer of 
dlmensionless height fiz = z 2 - z , i s subsequently obtained from: 

AnUz) - ƒ z' c(z) HF dz [8] 

Combination of Eqs . [7] and [8] leads t o : 

AiKAz) = N [S3£El=i_5«i :_S25Bi:i-5i2] [ 9 ] 
expt A) < 

This equation shows that the steady s t a t e axia l segregat ing p a r t i c l e 
d i s t r i b u t i o n In case of model Al i s charac ter ized by one dlmensionless 

- 106 -



' P e c l e t - l i k e ' number A, which i s the r a t i o between the net p a r t i c l e 

convective and segregat ing flows and the p a r t i c l e d ispers ive flow: 

A - (f v - f k) H / D0 
V K 

[10] 

The s i t u a t i o n of complete mixing (S » 0 [ - ] ) i s obtained when A equals 

ze ro : in that case i t can be derived from Eq.[9] that An(fiz)/N - Az. With 
the de f in i t ion of the model parameter A In Eq.[10] i t I s d i r e c t l y observed 
tha t complete mixing Is a t t a ined : 

a . at high values of the dispers ion coef f ic ien t D0, 
b . at low values of the bed height H (so in shallow beds) , and 

C. when the supe r f i c i a l upwards and downwards so l i d s flows, respec t ive ly 

(f v) and ( f | k ) , are equal . 

The sign of the model parameter A depends on the magnitude of the 
supe r f i c i a l so l i d s flows. A i s pos i t ive when (f k) i s smaller than (f v ) ; in 

k v 

t ha t case a ' je tsam' segregat ing system Is considered. The ' f lo t sam ' systems 
a re r e l a t ed t o negative values of A: the upwards supe r f i c i a l so l i d s flow i s 
l a r g e r than the downwards flow (f k > f v ) . 

In Figure 8 the axial ' f lo t sam' segregat ing p a r t i c l e concentra t ion c ( z ) , 
Eq . [7 ] , i s p lo t ted as a function of the dimensionless bed height z at 
d i f ferent values of the dimensionless model parameter A (< 0 ) . 

z [ - ] 

Figure 8: The axia l ' f lo tsam' segregat ing p a r t i c l e concentrat ion c ( z ) / c 0 , 
Eq . [7 ] , as a function of the dimensionless bed height z at d i f fe ren t values 

of the dimensionless nodel parameter A (< 0 ) . 
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I t is concluded that the local diraensionless concentration c(z)/c„ 

equals 1 at an axial position of z • 0.53 [_ ] "hen A = -1 [-] or z > 0.76 [-

] when A - -10 [ - ] . This implies that when A < -1 [-] the amount of flotsam 

material in the lower part of the bed (z < 0.5 [-]) Is always less than in 

the ideally mixed situation. A steep jetsam segregation profi le is found 

when A < -5 [ - ] ; here is in general c(z)/c0 >> 1 when z > 0.8 [ - ] . 

model A2 

Steady state mass balances on phases 'a ' and 'b' in model A2 as given in 

Figure 7 result in the following differential equations: 

d c (h) 
phase ' a ' : - - - 2 — ° ( { Z - \ ) [cg(h) - c^h) ] [11a] 

k 

d c (h) 
phase ' b ' : - - - (-—B-) [ca(h) - cb(h)] [ l i b ] 

v 

The two boundary conditions are: 

1. the upwards and downwards flows are equal at each axial position in the 

steady state situation: 

f, k c (h) - f v e (h) for 0 < h < H [12] 
k a v b 

2. the second b.c. is the same as for model A1 : 

N = ƒ H (c (h) ♦ cjh)) F dh [13] 

Solution of these equations leads to the following expression for the 

steady state axial segregating particle distribution in case of model A2: 

Anuz) - N [SïEi:2.^2.:.ëïei:a.5xl] [ l l t ] 

Consequently the same type of equation is obtained as for model A1, 

where the dimensionless parameter o in case of model A2 is given by: 

P ( fv V " f
k
 k ) H 

a - - f T - - - f T - r - [15] 

This is a remarkable result from a mechanistic point of view, because i t 

suggests that the ' f i r s t order' solids exchange between two separate upwards 
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and downwards p a r t i c l e flows can t heo re t i c a l l y be described by a 'second 

order ' d i spers ive p a r t i c l e flow which i s superimposed on the one net 

convective flow of s o l i d 3 . So the dispers ion coeff ic ient D0 i s a function of 

the so l i d s exchange parameter pj th i s r e l a t i o n s h i p I s derived from a = A, 

Eqs.[10] and [ 1 5 ] , to be: 

D„ - fy v fk k / p [16] 

Consequently, a la rge dispers ion coef f ic ien t D0, which causes a low 
extent of segregat ion , corresponds with a small value of the so l i d s exchange 
coef f ic ien t p . In other words: t h i s implies mechanis t ica l ly tha t a high r a t e 
of p a r t i c l e exchange between the upwards and downwards s o l i d s flows i s 
favorable to segrega t ion . So when p a r t i c l e s have a tendency to segregate due 
t o for example s i gn i f i can t differences in t h e i r d e n s i t i e s , t h i s tendency i s 
reduced by a decrease of the ' in -bed freedom of p a r t i c l e movement', which i s 
r e l a t e d to a lower so l i d s exchange between the phases. In p rac t i ce t h i s may 
be observed for example with ' f inned ' heat exchanger tubes which lower the 
extent of so l i d s movement and therefore decrease the segregat ion tendency in 
comparison with smooth exchanger p ipes . 

1.2 Experimental r e s u l t s 

In sec t ion 1.1 i t has been discussed tha t segregat ion i s influenced by 
a . p a r t i c l e p r o p e r t i e s , b . the amount of p a r t i c l e s i n the bed, and by 
c . f l u id bed system p r o p e r t i e s . In t h i s sec t ion 1.2 i t wi l l be shown how the 
var iab les b and c Influence the extent of segregat ion In case of the FBC 
p a r t i c l e system used. The effect of the amount of p a r t i c l e s (H . / D - r a t i o ) i s 
demonstrated in sec t ion 4 . 2 . 1 , the Influence of the bed system proper t i e s as 
the gas ve loc i ty and the bed diameter are discussed re spec t ive ly in sec t ions 
1.2.2 and 1 .2 .3 , while some modeling r e s u l t s our out l ined in sec t ion 1 . 2 . 1 . 

1.2.1 Effect of H , /D- ra t iO 
mi 

In Figure 9 the extent of segregation i s demonstrated as a function of 

the H . / D - r a t l o for mixture I a t a supe r f i c i a l gas ve loc i ty of 0.9 m/s. The 
effect of the amount of so l i d s i s very s i g n i f i c a n t : S increases from about 
15 [-] a t H _/D - 1 to about 65 [-] a t a r a t i o of 3 . Other experiments show 

mi 
the same effect at a gas veloci ty of 1.1 m/s: in that case S increases from 
7.5 [-] at H _/D - 1 to 60 [-] a t a r a t i o of 3- In both cases the absolu te mi 

difference i s about 50 u n i t s , which proves the Importance of the amount of 
bed mater ia l with respec t t o segrega t ion . 

- 109 -



Hm f /D (-

Figure 9: The influence of the bed aspect r a t i o at minimum f l u i d i z a t i o n , 
H /D- ra t lo , on the extent of segregation (mixture I : U„ - 0.9 m/s). 

1.2.2 Effect of superf ic ia l gas velocity 

In Figure 10 (see also Table 3) six typical examples of the extent of 
segregation S of several bed mixtures have been plotted as a function of the 
superf ic ia l gas velocity at d i f ferent H , /D-rat ios In the 5 cm, 7.5 cm, 
10 cm and 15 cm ID f l u i d beds at ambient conditions. I t is concluded that 
the extent of segregation decreases with increasing gas velocity as can be 
expected. 

Table 3: Experimental conditions in Figures 10a to lOf: 
the influence of the superf ic ia l gas velocity on the extent of segregation. 

Fig. 

10a 
10b 
10c 
lOd 
10e 
lOf 

Mixture 

I 
IV 

1 
I 
I 
I 

D [cm] 

'.: 
5 
5 
7.5 

10 
15 

Ümf/D [ " ] 

2.08 
2.08 
3.01 
2.36 
1.68 
0.83 

Umf [m/s] 

0.61 
0.68 
0.59 
0.56 
0.51 
0.57 

a [ - ] 

2.10 
2.21 
0.89 
2.10 
2.08 
2.88 

b [- ] 

0.81 
0.91 
0.89 
0.78 
0.83 
0.87 
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Figure 10a (see Table 3 ) . 
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Figure 10b (see Table 3) . 
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Figure 10c (see Table 3 ) . 
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Figure lOd (see Table 3)-

80 -

on 

I 
60 -

40 -

20 

0 

! 

• • 

3' 08" 
J_ t ■ t • • T 
10 

UQ (m/s 
1.2 1.4 1 6 

Figure IQe (see Table 3)-

60 --

40 -

20 

0 
! » . 
j Z •_ i 

HI ' 
0 0.8 10 

* U0 (m/s 
1.2 14 1.6 

Figure 10f (see Table 3 ) . 
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Further, i t is shown that s t i l l a s ign i f icant degree of segregation i s 

present at superf ic ia l gas velocit ies of about three times the minimum 

f lu id i za t ion veloc i ty , resul t ing in a value of S of less than 10 [ - ] i n the 

10 cm ID bed to more than 20 [ - ] in the 5 cm ID bed. 

I t is remarkable that the extent of segregation in the 15 cm ID bed 
remains constant at an average level of about 10 [ - ] , even at the low H f / D -
ra t io of 0.83 applied and at re la t ive high gas veloci t ies (> 1 m/s). 

In Figure 11 the extent of segregation is given as a function of gas 
velocity at 850 °C in the 10 cm ID bed. S shows a steep decrease between 
0.5 m/s and 1.0 m/s; hereafter S decreases rather slowly and i s s t i l l about 
10 [ - ] at a super f ic ia l gas velocity of 2.0 m/s, which i s even more than 5 
times the minimum f lu id iza t ion veloci ty. 

50 

w 

30 

20 

10 

5 1 : 

j 
05 10 

- Uo (m/s) 
1 5 20 2.5 

Figure 11: The influence of the super f ic ia l gas velocity 
on the extent of segregation in the 10 cm ID bed at 850 °C; 

(Mix ture I ; H _/D ml 2.1 [ - ] ; U IT; f 0.38 m/s). 

Consequently, i t is concluded from the above results that always a f ixed 
extent of segregation i s present in the order of S - 10 [ - ] to S - 20 [ - ] at 
superf ic ia l gas veloci t ies ( 1 - 2 m/s) and (hydraulic) bed diameters (< 15 
cm ID) that are of relevance in f l u i d bed combustion. 

This observation may be explained by the fact that a slugging bed 
becomes more and more "divided" in two regions at higher gas veloc i t ies; the 
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f i r s t region i s found between the d i s t r i b u t o r and the minimum bed he ight , 
while the second e x i s t s between the minimum and maximum bed heights (see 
Figure 1) . In t h i s second region a high degree of mixing i s present due t o 
the l a rge f luc tua t ions in bed height between H and H tha t are caused 

m i n iTi3 x 
by large upwards and downwards movements of the p a r t i c l e s (where H /H . 

max min 
can be even higher than <lj the frequency of f luc tua t ions i s a lso high: 0.5 
t o 2 Hz according t o Noordergraar e t a l . , 1987). A considerable l e s s degree 
of mixing e x i s t s in the l e s s v io len t f lu id iz ing f i r s t bed region where the 
s lugs are formed. So a s t a t e of dynamic equilibrium e x i s t s between the two 
reg ions , where the slugs that are generated in region 1 wil l " en t ra in" 
p a r t i c l e s in region 2, which can be regarded as a large "splash zone". 

Fur ther , the ' en t r a ined ' flotsam so l i d s are balanced by an opposi te flux 
of p a r t i c l e s from region 2 t o region 1. However, i t i s l i k e l y tha t t h i s flux 
i s ra ther small , because i t i s v i sua l ly observed that at the boundary 
between region 1 and 2 a t H mainly s o l i d s s lugs are moving upwards; while 
the observed downward movement of p a r t i c l e s , caused by ' s o l i d s r a in ing ' 
through the successive gas s lugs , begins at higher pos i t ions in the bed. 
This implies that the downwards movement of flot3am p a r t i c l e s from the upper 
region 2 t o the lower region 1 wil l be small , e spec ia l ly at higher gas 
v e l o c i t i e s , which causes that always a small degree of segregat ion w i l l 
remain. 

14.2.3 Effect of bed diameter 

The effect of a la rger bed diameter on so l i d s c i r c u l a t i o n has been 
reported in l i t e r a t u r e several t imes . Werther (1973) concluded tha t the 
influence of bed diameter i s progress ively s t ronger espec ia l ly a t low bed 
diameters , i . e . smaller than 20 cm; the bed diameter influences the 
t r a n s i t i o n to slugging and so the so l i d s c i r c u l a t i o n p a t t e r n . Glicksman and 
McAndrews (1985) repor ted a s i g n i f i c a n t ef fec t of bed width on t h e f lu id 
dynamics of large p a r t i c l e f lu id ized beds. They r.lso showed that a 
hor izonta l tube bank in the bed a c t s to reduce the e f fec t ive c ross -sec t ion 
of the bed. 

In Figure 12 the extent of segregat ion S i s e x p l i c i t l y p lo t t ed as a 
function of the bed diameter D at a constant H _/D-rat io of 2.0 and at a 

mf 
constant excess gas veloci ty (U0-U ) of 0.30 m/s. I t i s concluded tha t 
segregat ion decreases l i n e a r l y with increasing bed diameter: S decreases 
from an average value of about 57 [-] in the 3.5 cm ID bed to an average 
value of about 18 [-] in the 15 cm bed. 

This graph c lea r ly suggest tha t the extent of segregation S approximates 
S - 0 [-] at a s p e c i f i c c r i t i c a l value of the bed diameter D, which equals 

- 1 1 U -



23 cm in th is part icular case a3 is determined from l inear extrapolat ion. 

This implies that not only the gas veloci ty is an important variable with 

respect to segregation, but also the (hydraulic) bed diameter is very 

s ign i f i can t . 
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Figure 12: The influence of the bed diameter on the extent of segregation 
(Mixture I ; H _/D - 2.0 [ - ] ; U„-U . - 0.30 m/s). 

mf mi 

The effect of bed diameter is also indicated in Figure 13 at a H /D-
ra t i o of 2 and an excess gas velocity of 0.30 m/s for a complete other, 
stronger segregating, type of part ic le system: a 5:1 weight mixture of iron 
and Y-alumlna par t ic les, which w i l l be compared with the results of Figure 
12. The extent of segregation at the bed diameter of 3.5 cm i s in absolute 
units 18 larger than in case of the sand/alumina-mixture; the average value 
of S Is about S - 75 [ - ] . However, the extent of segregation at the bed 
diameter of 15 cm is s ign i f i cant ly decreased and equals about 28 [ - ] , which 
is in absolute units only 10 higher than in case of the sand/alumina-
mixture. 

This influence of bed diameter on segregation can be predicted by an 
evaluation of the proposed segregation model. I t has been shown in Eq.[10] 
that the model parameter X decreases with an increasing solids dispersion 
coeff ic ient D0, which leads to a decrease in segregation (Eq. [9] ) . Thiel and 
Potter (1978) proposed a theoretical re la t ion for the solids dispersion 
coef f ic ient in slugging beds, which shows that D0 increases with a larger 
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bed diameter. This effect has been experimentally confirmed by several 
authors as is summarized by Avidan and Yerushalmi (1985). 
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Figure 13= The effect of the bed diameter on the extent of segregation in 
a 5:1 weight mixture of i ron part ic les and Y-alumina par t ic les ; 

(Hmf /D 2.0 [ - ] ; Uo-Umf = 0.30 m/s). 

The effect of bed diameter on the extent of mixing and segregation can 
be generally explained by the fact that the mechanism of sol ids transport 
gradually changes. At small bed diameters the downwards and upwards solids 
movements are predominantly ax ia l ly positioned at f ixed bed regions and take 
place over the complete cross-sectional area (as during square-nosed 
slugging). However, the sol ids movement at higher bed diameters is not 
anymore only axial f i xed , but also the radial posit ion becomes important; 
part ic les move upwards along the centerl ine of the bed, while the downwards 
movement i s located along the pipe walls (as observed with wall slugging in 
the 15 cm ID bed). Of course th is w i l l greatly enhance the degree of overal l 
sol ids mixing in the bed. 

Consequently, in general i t can be concluded that a larger bed diameter 
leads to a considerable decrease in the extent of segregation, which 
therefore might be a more 'powerful t o o l ' in the reduction of segregation 
than increasing the super f ic ia l gas ve loc i ty . However, i t should be noticed 
with regard to f l u i d bed scale-up considerations that the avoidance of 
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segregat ion by app ly ing a l a r g e r ( hyd rau l i c ) bed diameter i s c l e a r l y a means 

which has t o be dea l t w i t h i n the design and cons t ruc t i on phase of a FBC 

b o i l e r , wh i l e i n f l u e n c i n g segregat ion by the s u p e r f i c i a l gas v e l o c i t y i s 

obv ious ly a more dynamic ope ra t i ona l t o o l . 

1 .2 .1 Some modeling r e s u l t s 

The exper imental a x i a l segregat ing p a r t i c l e d i s t r i b u t i o n s are f i t t e d t o 

the model d i s t r i b u t i o n as expressed by Eqs . [9 ] or [ 1 1 ] , by m l n i m a l i z a t i o n of 

the d i f f e rence between the model and exper imental amount of p a r t i c l e s In the 

successive bed l a y e r s LI t o L5. Two t y p i c a l examples are given i n Figure 1 1 , 

which show tha t the model i s able t o f i t the exper imental d i s t r i b u t i o n s very 

w e l l . 

PARTICLE DISTRIBUTION 
mode' vs experiment 

1 H model VZZB& enpemieni 
X = - 1.34 

ag-cgr.taat 

PARTICLE DISTRIBUTION 
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A = -0.67 

m o d e l vs expe r imen t 
H H experfrien! 

lay» 1 layer 2 layer 3 laye< 4 \ai& 5 

layer 1 = too of the bed 

layer 1 layer 2 layer 3 layer 4 layer 5 

layer 1 = top of the bed 

Figure 11a, l i b : Comparison between two exper imental segregat ion p a r t i c l e 

F i ^ 

11a 
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Mix tu re 

I 
I I 

d i s t r i b u t 

D [cm] 

5 
10 

ions and the 

v / D [-] 

2.08 
1.98 

respec t i ve model f i t s : 

l y [m/s ] U0 [ ra/s] a [ - ] 

0 .61 1.10 2.10 
0.51 1.00 2.52 

b [ - ] 

0 .81 
0.75 

Fur ther i t i s shown t h a t i n the 5 cm ID bed at 1.10 m/s (S - 30 [ - ] ) the 

top layer 1 of the bed conta ins about th ree times as much f lo tsam alumina 

p a r t i c l e s as the bottom l a y e r 5. I n the 10 cm ID bed (S - 15 [ - ] ) t h i s 
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difference is reduced to about 1.7 times at almost the sane experimental 
condit ions. This difference between top and bottom layer is important from a 
sul fur retention point of view, because i t may influence the posit ion choice 
of the coal feed in re la t ion to the rate of sul fur release during coal 
de v o l a t i l i z a t i o n . 

The agreement between model and experiment can also be concluded f ran 
Figure 15, which gives the theoret ical relat ionship between the model 
parameter X, Eq. [9 ] , and the extent of segregation S, Eqs.[1] and [10 ] . I t 
i s observed that the relat ionship between \ and S is l inear . Further in th is 
graph some typical f i t t e d values of X have been indicated as a function of 
the experimental extent of segregation of mixture I in the 5 cm, 10 cm and 
15 em ID beds at d i f ferent gas ve loc i t ies . 
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Figure 15: Comparison of the theoret ical relat ionship between the model 
parameter \, Eq.[10], and the extent of segregation S, Eqs.[1] and [ 9 ] , with 

values of X obtained from model f i t s . 

The agreement between the experimental data and the theoret ical curve i s 
good, which suggests that the mechanistic and modeling approach to 
segregation based on convective solids flow and so l id dispersion is 
r e a l i s t i c and applicable In pract ical s i tuat ions. 

EqslD.O) 
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5 . CONCLUSIONS AND DISCUSSION 

Slugging and segregat ion experiments have been performed w i t h Ge lda r t ' s 

D-group s o l i d s i n smal l diameter f l u i d beds (£ 15 cm ID) tha t are of 

re levance i n the f l u i d i z e d bed combustion of c o a l . The r e s u l t s on s lugg ing 

i n a 10 cm ID bed at ambient cond i t ions 3howed t h a t : 

1 . square-nosed s lugg ing i s l i k e l y t o occur at H . / D - r a t i o s of more than k; 

2 . the d is tance between two successive gas s lugs i s independent of t he 

s u p e r f i c i a l gas v e l o c i t y ; 

3 . the average length of a s o l i d s s lug equals about 80% t o more than 90$ of 

the bed height at minimum f l u i d l z a t i o n ; t h i s percentage depends on the 

H „ / D - r a t i o . Th is imp l ies t h a t i n general on ly one p a r t i c l e s lug i s 
mi 

present i n the bed. 

The f o l l o w i n g r e s u l t s have been obtained w i t h respect t o segregat ion : 

«. the ex tent of segregat ion increases w i t h a l a r g e r H / D - r a t i o , a smal le r 

bed diameter and a decreasing gas v e l o c i t y . However, a t a gas v e l o c i t y o f 

t h ree times the minimum f l u i d i z a t i o n v e l o c i t y s t i l l a s i g n i f i c a n t degree 

of segregat ion i s measured. I t i s f u r t h e r suggested t h a t segregat ion 

becomes n i l at a c r i t i c a l va lue of the ( h y d r a u l i c ) bed d iameter . 

5. a segregat ion mechanism i n s lugging f l u i d i z e d beds i s proposed, which i s 

based on a downwards s o l i d s f low i n the gas s l u g , an upwards s o l i d s f l ow 

In the p a r t i c l e s lug and s o l i d s d i spers ion (which can a lso be descr ibed 

by a s o l i d s exchange between upwards and downwards moving s o l i d s f l o w s ) ; 

6 . t h i s mechanism leads t o an one-parameter-model, which I s in good 

agreement w i t h exper imental a x i a l segregat ing p a r t i c l e d i s t r i b u t i o n s . 

Fur thermore, the decrease of segregat ion at l a r g e r bed diameters i s 

q u a l i t a t i v e l y exp la ined by the model. 

Th is model can be he lp fu l i n the up -sca l i ng of segregat ion r e s u l t s to 

FBC p i l o t p lan ts and I n d u s t r i a l f a c i l i t i e s , espec ia l l y when I t i s poss ib le 

t o der ive t h e o r e t i c a l expressions f o r the p a r t i c l e v e l o c i t i e s v and k and 

the d i spers ion c o e f f i c i e n t D0 . For example D0 can be taken from the 

expression given by T h l e l and Pot ter (1978) , w h i l e f u r t h e r the downwards 

v e l o c i t y v can be ca l cu la ted from the ' f r e e - f a l l i n g ' v e l o c i t y due t o 

g r a v i t y . The upwards v e l o c i t y k may c o n t a i n , among o t h e r s , a segregat ion 

v e l o c i t y component caused by an 'A rch lmedes - l i ke ' upwards fo rce due t o 

dens i ty d i f fe rences between the segregat ing p a r t i c l e and the bulk of the bed 

(buoyancy). Pre l im inary r e s u l t s of t h i s type of modeling approach t o 

segregat ion i n s lugg ing beds have a l ready been obta ined and showed good 

agreement w i t h experiments (Schouten e t a l . , 1987b). 
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The MOTION of PARTICLES in a SLUGGING GAS FLUIDIZED BED 

J . C . S c h o u t e n , H.A. Masson and C M . van den Bleek 

SUMMARY 

In t h i s paper an experimental study 13 presented on the motion of p a r t i c l e s 
In a slugging 10 cm ID gas f lu id ized bed a t ambient condi t ions . A p a r t i c l e 
system i s used that resembles the composition of an ash-coal /sorbent mixture 
in a FBC combustor. A rad ioac t ive t r ace r technique i s applied t o measure the 
upward and downward t r a c e r v e l o c i t i e s , the p r o b a b i l i t i e s of changes in the 
d i r ec t ion of the displacement of the t r a c e r as well as the t r a c e r ' s axial 
presence p r o b a b i l i t y . The influence of the supe r f i c i a l gas veloci ty and the 
r a t i o between the bed height a t minimum f l u l d i z a t l o n and the bed diameter on 
the t r a c e r v e l o c i t i e s and p r o b a b i l i t i e s i s i nves t i ga t ed . A general model for 
the desc r ip t ion of s o l i d s motion in slugging f lu id ized beds i s introduced; a 
comparison between the model and experimental r e s u l t s shows good agreement. 

1. INTRODUCTION 

1.1 P a r t i c l e motion and Fluidized Bed Combustion 

Fluidized beds are used for many d i f fe ren t chemical engineering 
a p p l i c a t i o n s . One of these i s the production of energy from coal in the 
Fluidized Bed Combustion of coal (FBC); however, t h i s technique i s s t i l l 
under development and many problems concerning f l u i d i z a t i o n aspects and the 
fundamentals of phenomena l i k e gas t r a n s f e r , combustion, sulfur r e t e n t i o n , 
NO - reduc t ion , heat exchange e t c . have to be solved yet before FBC 'becomes 
of age' (Proc. I n t . Conf. on FBC, Boston, USA, May 3-7, 1987). 

One of these important phenomena i s a l so the ' f l u i d dynamical behaviour' 
of the bed mater ia l which i s applied during the Fluidized Bed Combustion of 
coa l , because i t grea t ly inf luences the mechanism of p a r t i c l e motion, mixing 
and segrega t ion . 

The importance of the understanding of the mechanism of p a r t i c l e motion 
and of the mixing and segregation phenomena i s c lear when we think of e . g . 
the modeling of d i f fe ren t processes in the reac tor ( l i k e coal 
d e v o l a t i l l z a t i o n or sulfur r e t en t ion ) or when we have to deal with design 
considera t ions as the choice of the pos i t ion of the coal feed or sorbent and 
ash removal. 

The r a t e of p a r t i c l e mixing strongly determines the pos i t ion of the coal 
feed; the coal p a r t i c l e s devo l a t i l i z e general ly in a period of about 10 t o 
30 seconds. Subsequently, i t i s important to know whether the p a r t i c l e s 
remain in the feed zone during t h i s time period or that the mixing i s f as t 
r e s u l t i n g in a continuous d e v o l a t i l l z a t i o n and subsequent even sulfur 
r e l e a s e throughout the whole bed. 
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Furthermore, t t is of importance to know whether a f l u i d bed coal 
combustor can be considered rrom a par t i c le point of view as an ideal ly 
s t i r red tank reactor as i t i s i n l i t e ra tu re generally assumed to be. Or in 
other words: i t has to be determined what the mean time cf displacement of 
the part ic les w i l l be between the d is t r ibutor and the maximum bed height in 
re la t ion to e.g. the coal burnout time or the average sorbent residence 
time. 

Also of relevance is the magnitude of the average presence probabi l i ty 
of the par t ic le in the axial d i rect ion in the bed. Or in other words: i t has 
to be determined whether the part ic les segregate and by what bed conditions 
th is segregation is influenced. 

1.2 Previous work 

In previous work the present author(s) have already paid attent ion to 
some aspects of these topics. Noordergraaf et a l . (1987) have pointed out 
that in FBC generally large par t ic le systems (B- or D-type of powders) are 
applied which give a tendency to the appearance of slugging, especially i n 
smaller diameter systems (as for example are met between the heat exchanger 
tubes in FBC un i t s ) . They argued that experiments performed in small 
diameter beds (around 10 cm ID) already provide useful information about the 
expected behaviour of solids in larger FBC un i ts . Schouten et a l . (1987a) 
presented segregation and slugging experiments in small diameter beds; they 
showed the influence of the super f ic ia l gas veloc i ty , the bed aspect ra t i o 
and the bed diameter on the extent of segregation. Based on these experimen
ta l observations Schouten et a l . (1987b) presented a segregation model which 
characterizes the segregating par t ic le d is t r ibu t ion by one 'Pec le t - l i ke ' 
dimensionless number, which is the ra t io between the net par t ic le convective 
and segregating flows and the dispersive solids flow in the bed. 

1.3 The objective of th is paper 

The present paper reports about the continuation of our work on these 
topics of par t ic le motion i n re la t ion to f l u i d bed combustion of coal . In 
th is paper an experimental study is presented on the motion of one tracer 
par t ic le In a one- and two-component slugging gas f lu id ized bed. In th i s 
study a non-disruptive dynamic radioactive tracer technique is applied for 
the invest igat ion of the axial presence probabi l i ty of the par t i c le , the 
probabi l i ty for a change in the direct ion of the displacement of the 
par t i c le , the magnitude of the upward and downward par t ic le velocit ies and 
on the random d i f fus ion- l i ke character of the par t i c le ' s t ra jec tor ies . This 
experimental investigation is applied to obtain a qual i ta t ive description of 
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the mechanism of p a r t i c l e motion in these systems. Furthermore a simple 

general model for the motion of p a r t i c l e s in slugging f lu id ized beds i s 

formulated based on t h i s mechanist ic d e s c r i p t i o n . 

2 . EXPERIMENTAL METHOD 

2.1 P a r t i c l e system 

Group D p a r t i c l e systems a re used tha t resemble the composition of an 
ash-coal /sorbent mixture in a FBC ccmbustor. The ash i s represented by sand 
p a r t i c l e s (density 2600 kg/m') with a mass-averaged diameter of 1 mm (850 -
1200 ym). The coal and sorbent are represented by ( c y l i n d r i c a l ) Y-alumlna 
p a r t i c l e s with dimensions (1 - d - 3 mm) and a densi ty (829 kg/m') which a re 
comparable to devo la t l l i zed coal and calcined l imestone. 

2.2 Experimental f a c i l i t y 

The experiments are ca r r ied out in a 10 cm ID p lex ig lass f lu id bed with 
a length of 1.5 m. A d i s t r i b u t o r p l a t e with 100 holes of 1 mm ID i s used. 

A fu l ly automatic ana lys i s method based on the appl ica t ion of a 
r ad ioac t ive t r a c e r technlqueas as described by Masson e t a l . (1981, 1982), 
i s used for the inves t iga t ion of the motion of the p a r t i c l e s in the bed. 
Hereto a 200 um Co60 source (Y-emitter of 300 uCu) i s glued in a small hole 
tha t i s bored in one alumina p a r t i c l e ( s i ze and weight increase n e g l i g i b l e ) . 
This p a r t i c l e wi l l fur ther be re fer red to as the t r a c e r p a r t i c l e . 

The r ad i a t ion i s detected by two photcmul t ip l ie rs which are equipped 
with Nal c r i s t a l s and connected to rapid r a t e -me te r s . Two overlapping 
measurement windows are defined by lead block co l l lma tors . The col l lmators 
can be moved v e r t i c a l l y along the p lex ig lass column In a support ing rack 
with use of a pulley system. In th i s way di f ferent sec t ions of the bed may 
be exposed to the pho tonu l t i p l i e r s . Furthermore, an e l e c t r o n i c chain i s 
present which mainly cons i s t s of two s ignal make-up devices (amplif ier and 
t r i g g e r ) tha t are connected to a t r a n s i t i o n ident i f i c a t o r . 

Eight d i f ferent t r a n s i t i o n s in the pos i t ion of the t r a c e r p a r t i c l e are 
poss ib le of which four upward and four downward t r a n s i t i o n s . The t r a n s i t i o n s 
are l abe l l ed from A to H (see Figure 1). A d i g i t a l code i s associated to 
each t r a n s i t i o n . 

The i d e n t i f i c a t i o n code i s generated by combining the s t a t e s igna l of 
one channel and the s ignal of a slope detector r e l a t i v e t o the other 
channel. This s lope detector 13 j u s t a d i f f e r e n t i a t o r to the corresponding 
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state s igna l . The t ransist ion code is sent to an on- l ine computer with 
monitor display and pr in t ing f a c i l i t i e s . 
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Figure 1: The logic t rans i t ion ident i f icator (Masson et a l . , 1981; 1982). 

The d i g i t a l code is recorded in a chronological way and so i s also the 
time interval between two successive t rans i t i ons . A l l the t ransi t ions 
separated by more than 100 usec are detected; a typ ica l experiment consists 
of the recording of 1181 t ransi t ions (which takes in general about 10 to 20 
minutes). The computer program computes the frequency of the d i f ferent 
t ransi t ions and of remarquable doublets, t r i p l e t s or quadruplets of 
t rans i t ions . I t provides also a histogram of time intervals between two 
successive t ransi t ions and i t computes the corresponding mean value and 
standard deviat ion. 

Next to the d i g i t a l code also a f i ve level analogue signal is generated 
of which the amplitude is proportional to the posit ion of the tracer 
par t ic le in the bed. The analogue signal measurements are stored in a f ive 
class amplitude histogram; the proportion of measurements f a l l i n g i n a given 
class is proportional to the probabi l i ty of presence (pp) of the tracer 
par t ic le in the corresponding window. In the absence of segregation, th is 
presence probabi l i ty must be equal to the r a t i o of the volume of the solids 
in the measurement window and the to ta l volume of the sol ids in the ted. 
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2.3 Overview of experiments 

Three d i f fe ren t s e t s of experiments are performed at ambient condi t ions . 

Experiments are ca r r ied out with the t r ace red alumina p a r t i c l e in a bed of: 

1. sand p a r t i c l e s (experimental se t 1); 
2. Y-alumina p a r t i c l e s (experimental se t 2) ; 
3 . sand and Y-alumina p a r t i c l e s with a fixed r a t i o of 1 between the height 

at mlnimun f l u l d l z a t i o n of the sand bed and the Y-alumina bed 
(experimental se t 3 ) . 

The minimum f l u l d l z a t i o n ve loc i t i e s (measured in the 10 cm ID bed) of the 
sand and the Y-alumina are respec t ive ly 0.55 m/s and 0.9 m/s . 

The aspect r a t i o a t minimum f l u l d l z a t i o n , H /D, i s varied between 2.1 and 

5 . 1 , while the supe r f i c i a l gas veloci ty ranges between 0.8 m/s and 1.8 m/s. 

Table 1: overview of experiments. 

exper imental se t 1 

(sand bed) 

no. Hmf/D [ - ] U0 [m /s ] 

1.1 2 .1 0.8 
1.2 2 .1 1.0 
1.3 2 .1 1.25 

exper imental se t 2 

(alumina bed) 

no. 

2.1 
2.2 
2.3 
2 . 1 
2.5 
2.6 

H m f / D [ - ] U0 

2.85 
2.85 
2.85 
2.85 
3.85 
1.85 

[m/s] 

.2 

.1 

.6 

.8 

.1 

.2 

exper imental 

(sand/alumina 

no . 

3.1 
3.2 
3.3 
3 .1 
3.5 
3.6 
3.7 
3.8 
3.9 
3.10 
3.11 
3.12 
3.13 
3.11 
3.15 
3.16 

H mf / D [ 

2.7 
2.7 
2.7 
3.0 
3.3 
3.3 
3.3 
3-65 
3.65 
1.0 
1.0 
1.0 
1.5 
1.5 
1.7 
5.1 

3et 3 

bed) 

- ] U0 [m/s ] 

0.8 
1.0 
1.2 
1.0 
0.8 
1.0 
1 .2 
0.8 
1.0 
0.8 
1.0 
1.2 
0.8 
1.0 
0.8 
0.8 

At each H /D- ra t io and a t each s u p e r f i c i a l gas veloci ty at l e a s t s ix 
recordings of the 1181 t r a n s i t i o n s are es tab l i shed at d i f ferent axial 
pos i t ions along the column; in t h i s way a t o t a l number of 186 recordings has 
been obta ined. 
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An overview of the exper imental se t s i s given i n Table 1 . Each 

experiment in a set i s g iven a s p e c i f i c number (1 .1 . . 1.3, 2.1 . . 2 . 6 , 3.1 

. . 3.16) as i s i n d i c a t e d i n Table 1. References are made t o these experiment 

numbers i n the capt ions of re levan t r i gu res i n t h i s paper. 

3 . EXPERIMENTAL RESULTS 

I n t h i s s e c t i o n some t y p i c a l exper imenta l r e s u l t s are demonstrated on 

the p a r t i c l e v e l o c i t i e s and on the p r o b a b i l i t y of d i r e c t i o n changes. 

3.1 P a r t i c l e v e l o c i t i e s 

3 .1 .1 Upward p a r t i c l e v e l o c i t y 

The upward p a r t i c l e v e l o c i t y i s obta ined f rom: 

v - L , / (B.C) [ 1 ] 
up window 

where L , i s the width of the middle measurement window (6W mm) and 
window 

(B.C) represents the mean of the t ime i n t e r v a l d i s t r i b u t i o n between a B 

t r a n s i t i o n fo l l owed d i r e c t l y by a C t r a n s i t i o n . 

I n F igure 2 a c h a r a c t e r i s t i c example i s given of the upward v e l o c i t y of 

the t r a c e r i n a bed of sand p a r t i c l e s (exper imenta l se t 1 ) . The upward 

v e l o c i t y i s p l o t t e d as a f u n c t i o n of the a x i a l p o s i t i o n i n the bed at 

d i f f e r e n t values of the s u p e r f i c i a l gas v e l o c i t y . I t Is c l e a r l y observed 

t h a t v s t r o n g l y increases w i t h an inc reas ing gas v e l o c i t y , which may be 

caused by an increased drag fo rce on the p a r t i c l e . Fur thermore, a 

s i g n i f i c a n t i n f l uence or the a x i a l p o s i t i o n of the p a r t i c l e on i t s v e l o c i t y 

i s found . 

In F igure 3 a t y p i c a l example I s shown of the i n f l uence of the 

s u p e r f i c i a l gas v e l o c i t y or. the upward v e l o c i t y of the t r a c e r p a r t i c l e In a 

bed of alumina p a r t i c l e s (exper imental set 2 ) . 

F i r s t , I t i s c l e a r l y observed t h a t the upward v e l o c i t y i s not constant 

along the bed he igh t , but i t Increases u n t i l a maximum i s reached. The a x i a l 

p o s i t i o n o f t h i s maximum i s a f u n c t i o n of the gas v e l o c i t y . The occurence of 

t h i s maximum i s obvious because the upward v e l o c i t y at h=H w i l l be zero . 
max 

Furthermore, i n t h i s case the upward v e l o c i t y increases a lso w i th an 

Inc reas ing s u p e r f i c i a l gas v e l o c i t y ; f o r example, the maximum value 

increases from about O.U m/s t o 0.7 m/s when the gas v e l o c i t y i s increased 

from 1.2 t o 1.8 m/s. 
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Figure 2: The upward t r a c e r veloci ty as a runct ion of the axia l positon 
in the bed (experimental s e t s 1.1, 1.2 and 1.3). 

800 

h/Hmf [-1 

Figure 3:_ The upward t r a c e r veloci ty as a function of the axia l posi t ion 
in the bed (experimental s e t s 2.1 . . 2 . 1 ) . 
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The effect of the H /D- ra t io on the upward ve loc i ty at a constant gas 
ve loc i ty i s i l l u s t r a t e d in Figure H. This typical example shows the general 
phenomenon that no influence can be observed at values of the H /D- ra t io 
lower than about 5. 
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h / H m f [ - ] 

15 

Figure it: The upward t r a c e r veloci ty as a function of the axia l posi t ion 
in the bed (experimental s e t s 2.1 and 2 . 6 ) . 

I t i s r e a l i s t i c t o consider tha t the measured upward p a r t i c l e veloci ty 
and the s o l i d s lug r i s e ve loc t iy a re equa l . However, t he upward p a r t i c l e 
veloci ty and the gas slug r i s e veloci ty may d i f f e r . The gas slug r i s e 
veloci ty i s general ly ca lcu la ted from r e l a t i o n s of the following form 
(Schouten et a l . , 1987b): 

Us " ( U° " Umf) * ° ' 3 5 ( a g D^ 
V2 [ 2 ] 

a i s a dlmensionless slug parameter which charac te r izes the type of 
slugging (see Schouten et a l . , 1987a). When, for example, the data a re 
applied which correspond to the da t a - s e t s in Figure ü (U0 - 1.2 m/s; 
U . « 0.8 m/s; a =■ 1.5 [-] ; D ■= 0.10 m), i t i s obtained that the average mf 
value of U equals about 0.8 m/s . 

F i r s t , t h i s r e s u l t c l ea r ly Ind ica tes tha t In the present case the gas 
slug i s flowed through with gas , because the supe r f i c i a l gas ve loc i ty i s 
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about 1.5 times higher . Furthermore, the corresponding measured upward 

p a r t i c l e veloci ty increases from about 0.1 m/s (a t h/H „ - 0.3) t o the 
mr 

maximum of about 0.5 m/s (at h/Hfflf ■ 1.3), which i s c l e a r l y smaller than the 

average gas slug r i s e ve loc i ty . 
This means that in t h i s case the average gas slug r i s e veloci ty i s about 

2 to even 8 times higher than the so l id slug r i s e ve loc i ty . This implies 
tha t the so l i d slug i s a l so flowed through with gas . 

3 .1 .2 Downward p a r t i c l e ve loc i ty 

The downward p a r t i c l e veloci ty i s obtained from: 

down I , I (E.F) 
window 

[ 3 ] 

where L
u l n d o w i s the width of the measurement window (61 mm) and (E.F) 

represents the mean of the time in te rva l d i s t r i b u t i o n between an E 
t r a n s i t i o n followed d i r e c t l y by a F t r a n s i t i o n . 

In Figure 5 a typ ica l example i s shown of the influence of the 
supe r f i c i a l gas ve loc i ty on the downward ve loc i ty of the t r a c e r p a r t i c l e in 
a bed of alumina p a r t i c l e s (experimental se t 2 ) . 
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Figure 5 : The downward t r a c e r veloci ty a3 a function of the axia l posi t ion 
in the bed (experimental s e t s 2.1 . . Z.H). 
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F i r s t , i t i s observed tha t the s u p e r f i c i a l gas v e l o c i t y has no i n f l uence 

on the downward p a r t i c l e v e l o c i t y . 

Fur thermore, the downward v e l o c i t y i s c l e a r l y bed height dependent: i t 

increases s teep ly f ran about 0.1 m/s at h/H . ■ 0.3 t o about 1 m/s at 

h/H . - 1 : he rea f te r i t becomes almost constant at about 1.1 m/s u n t i l h/H „ mf mf 
» 1.5 whereupon i t s l i g h t l y l e v e l s o f f . 

This graph i l l u s t r a t e s a l so t h a t the downward p a r t i c l e v e l o c i t y i s much 

more e f fec ted by the p o s i t i o n of the bed he ight a t minimum f l u i d i z a t l o n 

(h/H = 1) than the upward p a r t i c l e v e l o c i t y . The exp lana t ion i s t h a t the 

s lugg ing behaviour of the bed i s f u l l y developed above the a x i a l p o s i t i o n 

h/H - 1 , wh i l e at h/H . < 1 s lugs are being formed. Th is imp l ies tha t the 

average leng th of a gas s lug above h/H = 1 w i l l be almost cons tan t , wh i l e 

t h i s l eng th increases from about n i l t o i t s f i n a l value (a t about h-H ) i n 

the bed s e c t i o n below h=H . . V isual observa t ion of the bed showed tha t the 
mf 

downward p a r t i c l e movement takes place i n the gas s l u g , so the l e n g t h of the 

gas s lug w i l l determine the f i n a l va lue of the downward p a r t i c l e v e l o c i t y . 
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Figure 6 : The downward t race r v e l o c i t y as a f u n c t i o n of the a x i a l p o s i t i o n 
In the bed (exper imental sets 3 .2 , 3 .6 , 3 .9 , 3-11 and 3 . 1 " ) . 

I n F igure 6 the e f f e c t of the H , / D - r a t l o on the downward p a r t i c l e ° ml 
v e l o c i t y i s i l l u s t r a t e d ; i n t h i s s p e c i f i c case data of exper imental se t 3 

have been a p p l i e d , however, a l l o ther se ts show the same e f f e c t . I t i s 
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observed that the downward particle velocity is not effected by the relative 
amount of material (H „), however, i t i s slightly bed height dependent. mf 

Figures 5 and 6 demonstrate that the downward particle velocity shows a 
clear scatter above a value of H /D - 1: generally the downward velocity 
varies between about 1 m/s and 1.5 m/s, independent of gas velocity and 
H „/D-ratio. The reason for this scatter may be the fact that In general the 

mi 

axial position of the gas slugs In the bed Is more or less fixed; e.g. i t 
has been visually observed that particles which are 'raining through' a gas 
slug always drop onto the successive solid slug at more or less fixed 
positions along the bed height. Or put Into other words: th is implies that 
the 'axial presence probability' of a gas slug is not independent of the bed 
height. The velocity of particles that ' f a l l ' through a gas slug increases 
until the steady s ta te velocity has been reached, consequently, particles 
that are moving downward through a gas slug will have different velocities 
at different positions in the gas slug and so at different axial positions 
along the bed height. 

Finally, It is remarked that Figures 5 and 6 indicate that i t is useful 
to distinguish the 'expanded' bed aspect ra t io H/D (Influenced by the gas 
velocity) and the ' s t a t i c ' ra t io H /D. Therefore i t i s suggested to make 
th is distinction also in empirical relationships which predict phenomena 
closely related to solids movement (like elutriation ra tes ) . 

3.1.3 Particle velocity ra t io 

In Figure 7 a typical example of the ra t io between the downward and 
upward particle velocity Is plotted In case of one tracer particle in a sand 
bed (experimental set 1). I t is observed that th is ra t io is a clear function 
of the superficial gas velocity as well aa of the axial bed position. At a 
relatively low gas velocity of 0.8 m/s (U * 0.6 m/s) the velocity ratio 
increases at higher positions in the bed and reaches even a value of 3; 
however, at superficial gas velocities higher than 1.0 m/s the ra t io 
decreases with Increasing bed height and ranges between 2 and 1. 

This specific system (experimental set 1) i s a segregating system 
wherein I t Is observed that the particle presence probability increases 
along the bed height with a decreasing gaa velocity. So the results on the 
particle velocity ra t io as presented in Figure 7 are in agreement with the 
segregation model of Schouten et a l . (1987b) which predicts that the extent 
of segregation is effected by the velocity ra t io of the upward and downward 
moving part ic les . 
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Figure 7 : The r a t i o between the upward and downward t r a c e r v e l o c i t i e s 
as a function of the axia l pos i t i on in the bed 

(exper imental se ts 1 . 1 , 1.2 and 1 .3) . 
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Figure 8: The r a t i o between the upward and downward t r a c e r v e l o c i t i e s 
as a function of the axia l pos i t ion in the bed (experimental se t 2 .3 ) , 
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A typical example of the shape of the velocity r a t i o in a non-
segregating system (experimental set 2) at a re la t i ve ly high superf ic ia l gas 
velocity (1.6 m/s) is shown in Figure 8. Here a steep increase of the 
par t ic le velocity ra t i o un t i l a value of nearly 3 is observed between the 
d is t r ibutor and h/H ■= 0.5, whereupon the ra t io decreases and reaches more 
or less a constant value of about 1.5 at h/H , > 1. 

mr 
Consequently, a clear difference is present between the velocity ra t i o 

in a segregating and in a non-segregating system at higher superf ic ia l gas 
ve loc i t ies : in a non-segregating system a clear maximum in the velocity 
r a t i o is found, while further a s igni f icant change in i t s ver t ica l p ro f i le 
is observed above the s ta t i c bed height (h/H _ ■ 1 ) • 

3.1.1 Large amplitude upward and downward veloci t ies 

The par t ic le veloci t ies discussed in the previous sections are based on 
the small amplitude displacement of the par t ic le in the middle measurement 
window (width 61 mm). However, the par t ic le veloci t ies can also be 
calculated based on a large amplitude displacement: in th i s case the time 
interval between a B and a consecutive C t rans i t ion is used only i f th is 
happens in a AB.CD sequence; in the same way the time interval EF.GH is 
applied in case of the downward par t ic le movement. 

The small and large amplitude displacements can be compared by 
considering the ra t i o between the veloci t ies calculated using time intervals 
B.C. AB.CD and F.G, EF.GH respectively for the upward and downward 
displacements. 

The results of a l l experimental sets demonstrate that th is ra t i o is not 
dependent on the superf ic ia l gas velocity nor on the axial bed posit ion in 
the upper part of the bed (h/H „ > 1) where i t s mean value is 1 (var ia t ion 

mi 

between about 0.7 and 1.3). The upward veloci ty ra t i o is also about 1 in the 
lower part of the bed (h/H < 1), while the downward veloci ty ra t i o 
generally shows an increase from 0.5 to 1. 

So th i s means that especially above h/H „ ■ 1 no d is t inc t ion can be made 
between the par t ic le veloci t ies of small and large amplitude displacements. 
This suggests that the par t ic le already reaches i t s steady state velocity 
during i t s movement in the measurement window or/and that predominantly 
large amplitude movements take place (see also section 3.2.1). 

3.2 Probabil i ty of direct ion change p 

Useful Information with respect to the mechanism of par t ic le motion can 
be obtained from an analysis of the probabi l i t ies (p) of possible direct ion 
changes of the tracer par t i c le . Especially, i t i s of importance to know 
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whether the p a r t i c l e posesses a 'memory' w i th regard t o i t s previous 

' h i s t o r y ' or tha t the p a r t i c l e behaviour can be descr ibed by i t s present 

s t a t e and a t r a n s i t i o n p r o b a b i l i t y assoc ia ted t o t h i s s t a t e . When the l a t t e r 

p r o p o s i t i o n i s c o r r e c t , then the process of p a r t i c l e mot ion i n s lugg ing 

f l u i d i z e d beds i s a markovlan one and can be descr ibed by a pure ly d i f f u s i v e 

mechanism. 

3.2.1 ABCD/BC and EFGH/FG 

ABCD/BC and EFCH/FG de f ine the c o n d i t i o n a l p r o b a b i l i t i e s f o r 

r e s p e c t i v e l y an upward and downward displacement of the t race r p a r t i c l e w i t h 

an ampl i tude l a r g e r than 16 cm once i t takes p lace over 6.H cm. This 

phenomenon can be charac te r i zed as ' d i r e c t i o n k e e p i n g ' . 

A t y p i c a l example i s shown i n F igure 9 In case of exper imental set 2 

( t r a c e r i n alumina bed). Both p r o b a b i l i t i e s demonstrate almost the same 

shape; f i r s t , a c lear increase i s observed u n t i l about h/H „ - 0 . 8 . 
mf 

whereupon a a l i g h t decrease i s found w i t h a minimum around h/H „ = 1 . 0 - 1 . 1 . 
mr 

Above h/Hm f - 1.2 both p r o b a b i l i t i e s vary between 0.75 and 0 .5 . 
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1.5 20 

Figure 9: The p r o b a b i l i t i e s ABCD/BC and EFGH/FC as a f u n c t i o n of the 
a x i a l p o s i t i o n I n the bed (exper imental set 2 . 5 ) . 

I n general these values I nd i ca te tha t above h/H 
mf 

0.5 the p r o b a b i l i t y 

i s about 50J or more f o r the p a r t i c l e I n the alumina bed t o make a l a r g e 
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amplitude displacement once i t s motion already takes place over a distance 
of more than 6 cm. 

In a segregating system (experimental set 1: tracer par t i c le in sand 
bed) a s l i gh t l y d i f ferent behaviour i s found: th is Is i l l us t ra ted in Figure 
10. F i r s t , the probabi l i t ies ABCD/BC and EFGH/FG decrease from about 0.3 at 

0.95. Hereupon both probabi l i t ies h/H 
mf 0.7 t o 0.15 at about h/H mf 

Increase to about 0.5 to 0.6 at h/H » 1.6 whereafter they decrease. So in 
th is segregating system the probabi l i t ies to make large amplitude 
displacements are more dependent on the axial bed posit ion and therefore a 
larger var iat ion above h/H 

mf 
0.8 (15* to 60Ï) is found. 
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Figure 10: The probabi l i t ies ABCD/BC and EFGH/FG as a function of the 
axial posit ion in the bed (experimental set 1.3). 

3 . 2 . 2 AB/A, ABC/AB and ABCD/ABC 

For a large number of observed t ransi t ions AB/A, ABC/AB and ABCD/ABC are 
unbiased estimators of the conditional probabi l i ty to continue upwards once 
the tracer par t ic le i s engaged in an ascending displacement. 

When AB/A - ABC/AB - ABCD/ABC - 0.5 the sol ids movement is characterized 
by a typ ica l d i f fus ive mechanism: rad ia l and ax ia l displacements have the 
same probabi l i ty . However, when ABCD/ABC > ABC/AB > AB/A then a clear 
'memory e f fec t ' is present: the part ic les tend to move upwards once they are 
present in an upwards movement. 
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A typical example of experimental s e t 2 (alumina bed) i s given in Figure 
11 . I t i s observed t h a t In general AB/A, ABC/AB as well as ABCD/ABC are much 

l a rge r than 0.5 and in most cases vary between 0.7 and 0.9 for h/H < 1. A 
mf 

s l i g h t dependency on the axial bed pos i t ion i s found: above h/H _ = 1 the 
mf 

respec t ive p r o b a b i l i t i e s decrease a l i t t l e and now vary between 0.5 and 0 . 7 . 
These measurements point to an an l so t rop ic behaviour of the p a r t i c l e s with 
respect t o the axia l d i spers ion . 
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Figure 11: The p r o b a b i l i t i e s AB/A, ABC/AB and ABCD/ABC as a function of 
the axia l pos i t ion in the bed (experimental s e t 2 . 6 ) . 

So the upward motion i s c l ea r ly not charac te r ized by a purely diffusive 
mechanism. Furthermore, a c lear memory effect as defined above cannot be 
recognized. However, t he r e l a t i v e l y l a rge values of the t r a n s i t i o n probabi
l i t i e s (>> 0.5) i n d i c a t e tha t the p a r t i c l e has s t i l l an obvious tendency t o 
continue in the same d i r e c t i o n once i t i s engaged in an upwards movement. 

3.2.3 EF/E, EFG/EF and EFCH/EFG 

A symmetric reasoning can be applied to the downward displacement of the 
t r ace r p a r t i c l e . For example, in Figure 12 the EF/E, EFG/EF and EFGH/EFG 
t r a n s i t i o n p r o b a b i l i t i e s of experimental se t 1 ( t r a c e r p a r t i c l e In a sand 
bed) are presented. I t i s observed tha t the r e spec t ive p r o b a b i l i t i e s 
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increase s i g n i f i c a n t l y at higher bed height pos i t i ons : when h/H „ < 1 then 
raf 

p < 0.5, while the three probabilities approach p-1 when h/H . > 1.5. 
mf 

However, under s t rong segregat ing condi t ions some averaging of the 

s imple t s , doublets and t r i p l e t s i s in fac t necessary over the width of the 

four concerned measurement l e v e l s . In the s i t u a t i o n of downward 

displacements the q u a n t i t i e s to compare a r e : 
_5_tiE»4 FC ♦ GH) 2 (EFG ♦ FGH) 
3 (E * ?~* G +~H)~ 2 ~ ( Ê F " ~ F G " + ~ C H ) 

h/H mf 

Figure 12: The p r o b a b i l i t i e s EF/E, EFG/EF and EFGH/EFG as a function of 
the ax ia l pos i t ion in the bed (experimental s e t 1 .2) . 

The r e s u l t s of experimental s e t 3 (segregat ing sand/alumina system) 
demonstrate in general that both quan t i t i e s vary around 0.5 at 
0.8 < h/Hmf É 1, while they increase upto h/Hmf - 1.2 where they reach 
values higher than 0.85 (varying between 0.85 and 1) which a re not dependent 
on the supe r f i c i a l gas ve loc i ty nor on the axia l bed p o s i t i o n . 

These r e s u l t s i nd i ca t e tha t the t r a c e r p a r t i c l e p r e f e r e n t i a l l y continues 
I t s downward displacement in the upper par t of the bed (in general p >> 0.5 
a t h/Hmf > ' * 2 ' o n c e l t i s e n 8 a ged in i t , however, no 'memory e f f ec t ' I s 
observed. Furthermore, a l so the downward so l i d s displacement demonstrates an 
an i so t rop ic behaviour with respect to ax ia l d i spe r s ion . 
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3.2.1 ABGH/A and CHAB/G 

ABGH/A defines the p robab i l i ty for a ' c i e a n ' change of the d i r ec t ion of 
movement of the p a r t i c l e . A typica l r e s u l t in case of the experimental se t 1 
i s summarized in Figure 13. 
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Figure 13: The p r o b a b i l i t i e s ABGH/A and GHAB/G as a function of the 
axial pos i t ion in the bed (experimental s e t 1.2). 

I t i s observed tha t the p robab i l i ty of the d i r ec t ion change ABGH/A i s in 
general smaller than 20S and i s only a s l i g h t function of the axia l bed 
pos i t i on . So, t h i s type of ' c l ean ' d i rec t ion change i s not l i k e l y to occur 
often; or in other words: t h i s r e s u l t implies that an upward movement wi l l 
not eas i ly be t r ans fe r red in to a downward movement (p robab i l i ty l e s s than 
20%). Of course, when h * H then ABGH/A wil l approach 1. 

The p robab i l i ty GHAB/G shows another type of behaviour: below 
h/H „ - 0.9 i t var ies between about 0.25 and 0 .15 . This ind ica tes that the 

mf 
probab i l i ty var ies between 551 and 75$ that the p a r t i c l e wi l l change i t s 
d i r ec t ion into an upward motion in t h i s lower bed s e c t i o n . However, above 
h/H _ - 0.9 GHAB/G increases s teeply and becomes more or l e s s constant at mr 
0.75 at h/H . > 1.1. mi 

So in t h i s upper pa r t of the bed the p robab i l i ty i s about 251 tha t the 
p a r t i c l e wi l l change i t s d i r ec t ion in to an upward motion. This r e s u l t i s 
obvious because the p a r t i c l e i s present in a segregat ing ( ' f l o t sam ' ) system, 
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where the tendency to segregate wi l l increase at lower bed pos i t ions respec

t i v e l y decrease at higher p o s i t i o n s . 

3 .2 .5 BG/B and GB/G 

BG/B and GB/G represent the p robab i l i ty for the t r ace r p a r t i c l e t o 
change I t s displacement d i r ec t ion during r e spec t ive ly i t s upward or downward 
movement in the measurement window (width 61 mm). 

A typica l r e s u l t I s given in Figure 11 in case of experimental se t 2 
( t r a c e r in alumina bed) . BG/B and CB/G demonstrate the same pa t t e rn u n t i l 

0 and about h/Hmf - 1.2. The p robab i l i ty decreases s t rongly between h/H 

0.2 in case of BG/B and between h/Hmf - 0 and 0.5 in case of GB/C. Further 
u n t i l h/Hmf - 1.2, BG/B and GB/G remain constant at about respec t ive ly 0.18 
and 0.28. Subsequent ly, GB/G decreases s t e e p l y and becomes 0 a t h/H > 1.i| 

mf 
wh i le BG/B decreases s t r o n g l y and remains constant at 0.35 beyond h/H . - 1 . 1 

mf 

x G B / G 

• B G / B 

x — x x 

2.0 

Figure l£i The p r o b a b i l i t i e s BG/B and GB/G as a function of the axia l 
pos i t ion In the bed (experimental s e t 2 . 5 ) . 

These r e s u l t s i nd i ca t e tha t beyond h/H - 1.1 i t i s very unl ikely that 
a downwards movement i s changed i n t o an upward movement during the motion in 
one window. Furthermore, between h/Hmf - 0.2 and h/H = 1.1 the p robab i l i ty 
for such a d i rec t ion change in one window i s a lso not high: in general 
smaller than 30*. This Implies that d i rec t ion changes of the p a r t i c l e 
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predominantly take place over longer d is tances than the width of the 
measurement window (61 mm). 

In a segregat ing system the p robab i l i ty GB/G shows a d i f fe ren t type of 
behaviour: see Figure 15 (experimental se t 1: t r a c e r p a r t i c l e in sand bed) . 

The p robab i l i ty BG/B demonstrates the same general shape as in Figure 
11: between h/H . - 0.6 and 1 i t decreases a l i t t l e from 0.22 to 0 .12, 

mi 
whereafter i t increases gradually to a constant value of about 0.28 a t 
h/H „ > 1.1. However GB/G f i r s t increases from about 0 .1 at h/H . » 0.6 t o 

mf mf 0.68 at h/H . - 0 . 8 , whereupon i t decreases gradual ly to about 0 beyond ml 
h/Hm f - 1 . 1 . 

I 

h / H m f 

Figure 15: The p r o b a b i l i t i e s BG/B and GB/G as a function of the axia l 
pos i t i on in the bed (experimental s e t 1.2). 

This Implies that in a segregat ing system a t lower bed pos i t ions 
(h/H < 1.2) an obvious much l a rge r tendency than in a non-segregating 
system ex i s t s for the p a r t i c l e to change a downward movement i n t o an upward 
displacement over the width of the measurement window, which i s in agreement 
with the l a s t remark in the previous sec t ion 3 . 2 . 1 . 

3.2.6 BGBG/B and CFCF/C 

BGBG/B and CFCF/C give the p r o b a b i l i t i e s for o s c i l l a t i n g displacements 
with an amplitude smaller than the width of the measurement window (61 mm). 
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For a l l experimental s e t s i t i s observed tha t these p r o b a b i l i t i e s are very 

small ( in general much smaller than 5?) and no dependency on the s u p e r f i c i a l 

gas ve loc i ty nor on the axia l bed posi t ion i s observed. 

These r e s u l t s confirm that the p a r t i c l e has a s t rong tendency t o 
continue i t s movement in a s p e c i f i c d i r ec t ion in the measurement window once 
i t i s engaged in i t (see a l so sec t ion 3.2.5) and consequently o s c i l l a t i n g 
displacements are very un l ike ly . 

3.2.7 P a r t i c l e cycl ing times 

The p a r t i c l e cycling times above or under a given plane are given 
re spec t ive ly by the time i n t e r v a l s D.E and H.A. 

As example in Figure 16 a p lot i s given of the cycling time D.E in case 
of experimental s e t 2 as a function of the ax ia l bed p o s i t i o n . 

I t i s observed tha t above the plane at h/H . = 0 .5 the p a r t i c l e w i l l 
spend about 1.5 t o not more than 3 seconds in the upper par t of the bed 

before reemerging. However, above the plane at h/H mf 0.7 the cycl ing time 
does not change much and decreases slowly from about 0.8 sec to about 0.25 
sec a t h/H Otf 1.7. 

a 
O) 

Figure 16: The t r a c e r cycling time D.E as a function of the axia l pos i t ion 
in the bed (experimental se t 2 . 6 ) . 

In general the cycling time H.A. shows a s imi l a r type of behaviour. 
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I t is observed that for a l l experimental sets the mean values of D.E and 
H.A. do not exceed a period of 5 seconds along the to ta l bed height (varying 
between 10 and 120 cm). However, i t should be remarked that the actual 
cycling times sometimes vary between less than 0.1 second to even more than 
1 minute, where the l a t t e r time is obtained in segregating systems with the 
measurement plane located at low bed posit ions. The mean values, however, 
indicate that a slugging f l u i d bed may be considered from a par t ic le point 
of view as a perfect ly mixed system when a comparison Is made between the 
par t ic le cycling times for axial displacements in the bed (less than 5 sec.) 
and e.g. the average coal burnout time (about 50 to 500 sec.) or the sorbent 
su l fa t ion time ( in general >> 2000 sec.) in a f lu id ized bed combustor. 

3.2.8 Solids fract ions 

A l l results so far c lear ly point out that i n a slugging gas f lu id ized 
bed part ic les move upward and downward. The upward movement of the part ic les 
is d i rect ly related to the ascending displacement of the so l id slugs, while 
the downward movement of the part ic les takes place in the gas slugs 
( ' ra in ing through') . Consequently, a relevant parameter is the d is t r ibu t ion 
or the sol ids over respectively the so l id and the gas slugs. For example, i t 
has already been demonstrated (Schouten et a l . , 1987b) that th is 
d is t r ibu t ion can be an important parameter in a segregation model. 

The magnitude of th is parameter can be approximated by the ra t i o of the 
time the tracer par t i c le is engaged in an upward motion (time of t ransi t ions 
A.B, B.C and CD) and the to ta l time of upward and downward displacements 
( t ine of t ransi t ions A.B, B.C, CD, E.F, F.G and CH) . In th is way the 
f ract ion of sol ids ( f ) which are present in the sol id slugs is obtained; 
Turther (1 - f ) represents the f rac t ion of sol ids which are ra in ing through 
the gas slugs. 

Two typical examples are demonstrated in Figure 17. In the segregating 
system (experimental set 3) f is only s l i gh t l y dependent on the axial bed 
posi t ion: between n / H_ f " 0-5 and 2, f varies between about 0.7 and 0.8. 
However, In the non-segregating system (experimental set 2) the axial 
influence on f i s more pronounced: f i r s t f Increases strongly to more than 
0.8 at h/H „ - 0.8, whereupon i t decreases s l i g h t l y and varies between about mr 
0.65 and 0.7 for 1 < h/Hmf < 2. 

Furthermore, in general the experiments show that f i s c lear ly dependent 
on the H „ /D- ra t io , while only a s l ight dependency on the superf ic ia l gas ml 
velocity is observed (see Schouten et a l . , 1987b). In general f increases 
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with a la rger H / D - r a t i o , indica t ing tha t r e l a t i v e l y more so l i d s are 

engaged in an upward displacement when the amount of so l ids in the bed i s 

enlarged. This suggest that the extent of segregat ion wil l increase with a 

l a rge r H ^,/D-ratio; t h i s q u a l i t a t i v e r e s u l t i s in agreement with segregation mi 
measurements (Schouten e t a l . , 1987a). 
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Figure 17: The s o l i d s f rac t ion f as a function of the ax ia l pos i t ion 
in the bed (experimental s e t s 2.5 and 3^) • 

3.3 P a r t i c l e presence p robab i l i ty pp 

The preceedlng sec t ions tended t o give ins igh t about the way a p a r t i c l e 
moves in a slugging gas f lu id ized bed. The main conclusion so far may be 
that the p a r t i c l e shows a c lear and strong tendency t o continue i t s movement 
In one d i rec t ion once i t i s engaged In i t ; furthermore the p a r t i c l e motion 
i s c l ea r ly Influenced by i t s pos i t ion in the bed. I t seems obvious tha t t h i s 
will e f fect the presence p robab i l i ty of the p a r t i c l e along the bed height; 
in t h i s sec t ion i t i s t r i ed to bring an answer to t h i s suggest ion. 

The p a r t i c l e ' s presence probabi l i ty (pp) in the measurement window can 
be obtained by counting the cumulative presence time of the t r a c e r In the 
window and divide t h i s presence time by the t o t a l time of the experiment. In 
absence of any kind of segregat ion, t h i s presence p robab i l i ty equal3 the 
r a t i o of the so l i d s volume in the measurement window and the t o t a l volume of 
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the so l i d s in the bed. In a segregat ing system t h i s p robab i l i ty wil l change 

along the bed he igh t . 

A typica l example i s given in Figure 18 in case of a segregat ing 
alumina/sand mixture (experimental s e t 3) a t a r e l a t i v e l y low s u p e r f i c i a l 
gas veloci ty (0.8 m/ s ) . I t i s observed tha t the p a r t i c l e presence 
p robab i l i ty c l ea r ly changes along the bed height : f i r s t I t increases from 

about 0.055 at h/H . - 0.9 to about 0 . 1 ! at h/H , - 1.5, whereupon i t mf mi 
decreases to a value of about 0.07 at h/H = 1.8. Consequently, i t may be 
concluded t h a t the concentra t ion of the (segregat ing) s o l i d s increases along 
the bed he ight , however, j u s t u n t i l a maximum I s reached which ind ica te s 
tha t in the upper part of the bed de-segregat ing forces a re ac t ive which 
lead to a s i g n i f i c a n t decrease of the s o l i d s concen t ra t ion . 
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Figure 18: The t r a c e r ' s presence p robab i l i t y pp as a function of 
the axia l pos i t ion In the bed (experimental s e t 3 .16) . 

An evaluat ion of the t r a c e r presence p robab i l i ty in a non-segregating 
system provides an explanation for t h i s phenomenon as wil l be discussed now. 

The presence p robab i l i ty of the t r a c e r divided by the volume f rac t ion 
occupied by the measurement window may be U3ed as a measure for the local 
extent of mixing (or seg rega t ion) : t h i s measure i s defined as the normalized 
presence p r o b a b i l i t y , pp : 
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norm t o t a l time of experiment window volume 

I t must be remarked tha t t h i s i s only t r ue when the average porosi ty of 

the bed in the measurement window i s equal to the average porosi ty of the 

whole bed. 

In Figure 19 an example i s given of the pp of the t r a c e r in case of 
a non-segregating system (experimental s e t 2: t r a c e r in alumina bed). In 
t h i s type of system of course no segregat ion i s expected, however, i t i s 
c l ea r ly observed tha t the normalized presence p robab i l i ty i s not equal to 1 
but i t decreases along the bed height . Near the d i s t r i b u t o r pp i s r a the r 

"norm 
high (> 1.5), while i t i s smaller than 1 in the lower par t of the bed (a t 
h/H > 1.2). Also the ef fec t of the supe r f i c i a l gas ve loc i ty on the axia l 
presence p robab i l i ty can be observed: in the lower part of the bed 
(h/H < 0.7) i t i s found tha t pp i s higher Tor the lower gas ve loc i ty , 
while in the r e s t of the bed pp i s s i g n i f i c a n t l y smaller in case of the 
lower gas v e l o c i t y . 

o 
C 

0.5 1.0 1 5 

— h / H m f [ - ] 

2.5 

Figure 19: The t r a c e r ' s normalized presence p robab i l i ty as a function of 
the axial pos i t ion in the bed (experimental s e t s 2.1 and 2 . 3 ) . 

This remarkable phenomenon of a PPno__ « 1 In a non-segregating system 
i s defined here as ' s o l i d s d i l u t i o n ' : the so l i d s concentrat ion decreases 
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along the bed height which i s obv ious ly not caused by segregat ing forces 

(due t o e . g . dens i ty or diameter d i f f e rences between the s o l i d s i n the bed) 

because a l l p a r t i c l e s are equa l , but i t may be a t t r i b u t e d t o an a x i a l l y 

decreasing upward (convect ive) f low of p a r t i c l e s due t o an inc reas ing 

d i f f e r e n c e between the downward d i r e c t e d g r a v i t y fo rce on the s o l i d s and the 

upward d i r e c t e d drag fo rce caused by the gas f l ow (which i s a f u n c t i o n of 

the s u p e r f i c i a l gas v e l o c i t y ) . This exp lana t ion i s i n agreement w i t h the 

observed i n f l uence of the gas v e l o c i t y (see F igure 19): a lower gas v e l o c i t y 

w i l l lead t o a smal ler drag fo rce on the s o l i d s which causes a r e l a t i v e l y 

l a r g e r e f f e c t of the g r a v i t y fo rce and t h e r e f o r e a l a r g e r downward s o l i d s 

f low and consequently a steeper decrease of the s o l i d s concen t ra t ion along 

the bed h e i g h t . 

This e f f e c t of s o l i d s d i l u t i o n provides a lso an exp lana t ion f o r the 

observed decrease of the presence p r o b a b i l i t y i n the segregat ing system of 

F igure 18. In t h i s case one ex t ra upward fo rce acts on the ( f lo tsam) 

p a r t i c l e s : a segregat ion fo rce due t o buoyancy. However, when as caused by 

t h i s segregat ion phenomenon the ( f l o tsam) p a r t i c l e concen t ra t i on increases 

along the bed h e i g h t , then a t the same t ime the l o c a l net segregat ion fo rce 

w i l l decrease due t o the decreasing d i f f e r e n c e between the f l o t sam p a r t i c l e 

dens i ty and the l o c a l bulk dens i ty of the bed. At some po in t ( t he re where 

the maximum i n the presence p r o b a b i l i t y i s observed) the sum of the drag 

fo rce and the buoyancy (segregat ion fo rce ) w i l l become smal ler than the 

g r a v i t y fo rce which w i l l subsequently lead t o a l a r g e r convect ive downward 

s o l i d s f low and consequently t o a decreasing ( f l o tsam) p a r t i c l e 

concen t ra t i on . 

In the next s e c t i o n some more exper imental r e s u l t s w i l l be shown on the 

p a r t i c l e presence p r o b a b i l i t y In a non-segregat ing system (exper imenta l se t 

?) i n r e l a t i o n t o a ganeral model f o r p a r t i c l e mot ion I n s lugg ing gas 

f l u i d i z e d beds. 

t . GENERAL MODEL OF PARTICLE MOTION 

In previous work a segregat ion model has been presented, which i s based 

upon a f low mechanism of segregat ing p a r t i c l e s i n round- and square-nosed 

s lugg ing f l u i d i z e d beds (Schouten et a l . 1987a; 1987b). This mechanism 

s ta tes t h a t t he segregat ing p a r t i c l e s move downwards I n the gas s lug w i t h a 

convect ive v e l o c i t y v which i s r e l a t e d t o the descending v e l o c i t y of s o l i d s 

i n the gas s lug due t o g r a v i t y . The segregat ing p a r t i c l e s move upwards In 

the p a r t i c l e s l u g w i t h a convect ive v e l o c i t y k, which Includes a segregat ing 
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component that is predominantly caused by an 'Archimedes-like' upwards force 

due to density differences between the solids (buoyancy). Furthermore, i t is 

also assumed that a dispersive flow of par t ic les i s present which i s 

directed downwards. 

14.1 Model assumptions 

This modeling approach w i l l be extended based upon the experimental 
observations in the present work (section 3)i so as to derive a general 
model for the description of part ic le motion in slugging f lu id ized bed. 
Hereto the fol lowing three assumptions are introduced: 

* f i r s t , i t i s assumed that a slugging bed consists of two layers. Based on 
the experimental observations i t is assumed that the boundary between 
these two layers is situated at h/H . - 1 . In each layer solids move 
upwards and downwards caused by convective, dispersive and possible 
segregative solids f lows. These solids flows are caused by d i f ferent 
forces on the so l ids, which are predominantly the drag force, the gravity 
force and buoyancy. 

» secondly, i t is assumed that i n each layer the upward and downward solids 
veloci t ies as well as the axia l solids dispersion coef f ic ient are constant 
and do not change as a function of the bed height. The only change is 
observed at the boundary between the two layers in the bed. 

Clearly th is assumption does not agree with for example the results on 
the downward and upward part ic le ve loc i t ies , which are bed height 
dependent. However, i t is supposed that the d iv is ion of the bed in two 
parts is a more important phenomenon which w i l l ef fect the par t i c le 
d is t r ibu t ion more s ign i f i can t ly than other axial Influences. Therefore i t 
is supposed that i t w i l l be suf f ic ient to take for example average 
par t ic le veloci t ies In both bed sections. 

* f i n a l l y , the assumption Is introduced that the d is t r ibu t ion of the solids 
over the par t ic le and the gas slug is no function of the bed height. This 
implies that the volume fractions of sol ids in respectively the par t ic le 
slug and the gas slug are the same in both bed layers. 

A schematical representation of the model Is given in Figure 20. 
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Figure 20: A scheraatical r eprensen ta t lon of the general model for 
p a r t i e l e motion in a slugging gas f lu id ized bed. 

i).2 Mass balances 

The following mass balances are formulated as based upon the assumptions 
given. F i r s t , in the lower par t of the bed i t can be derived t h a t : 

D, ^ - S x i U i . ( f v v , - rk k | , tfJbOl . 0 (0 <. h <. H) M 

Fur ther , in the upper par t i t i s obtained t h a t : 

D, S ~ S t f t 2 + C f y V 4 - f k k a ) ^ 2 * ^ 2 . 0 ( H S h < H 0 ) [5] 

f and f a re r e spec t ive ly the so l i d s volume f r a c t i o n s in the downward and v k r i 
upward moving so l ids flows. v , , v 2 and k , ,k 2 represent the downward and 
upward v e l o c i t i e s of the p a r t i c l e s i n the lower and upper par t of the bed; 
these v e l o c i t i e s can a l s o include a segregat ing component. D, and D2 a r e the 
axia l s o l i d s d ispers ion coe f f i c i en t s in r e spec t ive ly the lower and upper bed 
p a r t . 

The boundary condi t ions of the d i f f e r e n t i a l Eqs.C4],[5] are formulated a s : 

1) no mater ia l leaves the bed at the top or at the bottom; 
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at h-0: D, -z-t"- F ♦ ( f v , - f. k , ) c , ( h ) F = 0 [ 6 ] 
o n v K 

at h-H0 : D2 - f * " - F ♦ ( f y v2 - f k k 2 ) c 2 ( h ) F = 0 [ 7 ] 

2) the s o l i d s concent ra t ions i n the lower and upper par t of the bed are the 

same a t the boundary between these two bed l a y e r s : 

at h-H: c , (h ) - c 2 ( h ) [ 8 ] 

3) t he t o t a l amount of segregat ing s o l i d s N i s obta ined by i n t e g r a t i o n of 

the s o l i d s concen t ra t ion along the bed height according t o : 

N - 0 / H ° c (h ) F dh = „ƒ" c , ( h ) F dh ♦ H / H ° 0 , 0 0 F dh [ 9 ] 

4.3 So l ids concent ra t ions 

S o l u t i o n of these equations r e s u l t s i n two expressions f o r the 

dimensionless a x i a l s o l i d s concent ra t ions X , ( z ) and X 2 ( z ) i n r e s p e c t i v e l y 

the lower and upper pa r t of the bed: 

z S zH : X , (z ) = c , ( z ) / c 0 - exp[ -A, z ] exp [x , z j / Q [ 1 0 ] 

z * z H : X 2 (z ) - c 2 ( z ) / c 0 - exp[-A2 z ] exp [ * 2 z H ] / fl [ 11 ] 

I n these expressions i s c0 the o v e r a l l s o l i d s concen t ra t i on which equals 

N/(H 0F); the dimensionless bed heights are def ined as z - h/H0 and 

z„ - H/H„, w h i l e the dimensionless parameter n i s w r i t t e n as: 

a - [ 1 / X , ] [exp(A, zH) - 1] t [ 1 / X a ] [1 - exp(A2 zH) e x p ( - A 2 ) ] [ 1 2 ] 

I t should be no t i ced t h a t X , ( z ) and X 2 ( z ) are l o c a l concent ra t ions which can 

be l a r g e r than 1; f u r t he rmore , they equal by d e f i n i t i o n the normalized 

p a r t i c l e presence p r o b a b i l i t y PP n o r m -

The dimensionless boundary z „ i s loca ted a t the bed height at minimum 
n 

f l u i d i z a t i o n , wh i l e the expanded bed height H0 i s equal t o the maximum bed 

height of a s lugg ing bed H (see Schouten e t a l . , 1987). There fo re , by 
d e f i n i t i o n i t can be w r i t t e n tha t z „ - H_„/H„„ . 

H mf max 
X, and X2 are dimensionless model parameters which w i l l be def ined as 

d i s t r i b u t i o n c o e f f i c i e n t s . They represent the r a t i o between the net p a r t i c l e 

convect ive and poss ib le segregat ive f lows and the p a r t i c l e d i spe rs i ve f l ow : 
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* ! " < f
v v , " f k k , ) H0 / D, and X, ■= ( f y v2 - f^ k,) H„ / D2 [13 ] 

I t i s e a s i l y observed t h a t the second boundary c o n d i t i o n leads t o a 

simple expression f o r the s o l i d s concen t ra t i on at z - z.,, which i s given as: 
n 

X , ( z - z „ ) - X 2 ( z - z H ) - 1 / 0 [1H] 

The abso lu te amount of s o l i d s An(Az) i n a bed l a y e r cf dimensionless 

he ight Az - z 2
- z , i s subsequently obta ined frccn: 

An,(Az) . ƒ ' c , ( z ) F dz where z , , z 2 S z „ and [15 ] 
2 1 H 

An2(Az) - / z * c 2 ( z ) F dz where z , , z 2 ï z [16] 

With these expressions i t i s e a s i l y der i ved t h a t : 

An,(Az) - [ exp t -A , 2 , ) - e x p U , z 2 ) ] exp(A, z ) / [ A , n] [ 1 7 ] 

An2(Az) - [exp(-A 2 z , ) - exp(A2 z 2 ) ] exp(A2 zH> / [ A , n ] [ 1 8 ] 

Consequently, these expressions demonstrate t h a t the a x i a l s o l i d s 

d i s t r i b u t i o n i s a f u n c t i o n of three dimensionless model parameters: the 

dlmensionless bed height z and the d i s t r i b u t i o n c o e f f i c i e n t s A, and A, . 

The s i t u a t i o n of complete mix ing of the s o l i d s , w i t h c , ( z ) • c 2 ( z ) • c 0 , 

i s obta ined when A, - Aa - 0 . The d i s t r i b u t i o n c o e f f i c i e n t s become zero when 

the convec t ive and/or segrega t i ve upward and downward f lows are e q u a l , 

poss ib l y In combinat ion w i t h a l a rge a x i a l s o l i d s d i spe rs ion c o e f f i c i e n t . 

Fur thermore, t he s i t u a t i o n can be d i s t i n g u i s h e d wherein on ly one par t of 

the bed i s complete ly mixed, w h i l e i n the o the r p a r t an a x i a l s o l i d s 

d i s t r i b u t i o n i s present . Th is case i s descr ibed by two poss ib le combinations 

of the d i s t r i b u t i o n c o e f f i c i e n t s : 

1 . the lower pa r t of the bed i s complete ly mixed: A, - 0 and A2 « 0. 

I n t h i s case the s o l i d s concen t ra t ion i n the lower bed par t i s constant 

and no f u n c t i o n of the bed he igh t . I t i s remarkable t h a t the magnitude of 

t h i s concen t ra t ion i s completely determined by the magnitude of the 

d i s t r i b u t i o n c o e f f i c i e n t i n the upper bed p a r t : 
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z £ zH: X,(z) = A2 / [l - exp(X2 zH) exp(-X2)] [19] 

The concentrat ion In the upper bed part as a function of bed height I s : 

z i z : X2(z) - X2 exp[x2 (zH"z)] / [l - exp(X2 zH> exp(-X2)] [20] 

2 . the upper par t of the bed i s completely mixed: X, * 0 and X2 - 0. 
In t h i s case the s o l i d s concentrat ion in the lower bed par t i s dependent 
on the bed height , while the concentrat ion in the upper bed layer i s 
cons tant . In t h i s s i t u a t i o n i t I s derived t h a t : 

z £ zH: X,(z) = X, exp[x, ( z H -z ) ] / [exp(X, zH) - l ] [21] 

z Ï zH : X 2 (z ) = X, / [exp(X, zH) - l ] [22 ] 

1.1 Modeling r e s u l t s 

In the Figures 21 and 22 a comparison i s given between model f i t s of 
Eqs.[10] ,[ 11 ] and the experimentally obtained normalized p a r t i c l e presence 
p r o b a b i l i t i e s pp of the t racer in a bed of alumina re spec t ive ly of 
experimental se t 2.3 (U„ - 1.6 m/3; H - / D - 2.85 [ - ] ; Zj. - 0.32 [ - ] ) and 
experimental se t 2.5 (U» - 1.1 ra/s; H _/D = 3.85 [ - ] ; z„ = 0.37 [ - ] ) . 

mi n 
I t I s concluded that the model descr ibes the data very well with 

respec t ive ly the following values of the f i t t e d d i s t r i b u t i o n coe f f i c i en t s 
X, = 1.3 [-] and X2 - 2.8 [-] in case of se t 2.3 and X, - 0 .5 [-] and 
X2 - 1.0 [-] in case of se t 2 .5 . 

F i r s t , i t i s observed tha t in both cases the d i s t r i b u t i o n coe f f i c i en t s 
are p o s i t i v e , which ind ica te s tha t In the lower as well as in the upper bed 
par t the downward convective so l i d s flows are l a rge r than the upward flows: 
f v, > f k, and f v2 > f . k a . This i s , of course, in agreement with the 
phenomenon of so l ids d i lu t ion as mentioned in sec t ion 3 . 3 . 

Furthermore, i t I s found tha t the r a t i o i(/ between X2 and X, i s very 
d i f f e ren t : \f ■ 2.15 [-] for experimental se t 2 . 3 , while i t equals 8.0 [-] 
for experimental set 2 .5 . A large value of i|/ ind ica tes In general a 
considerable difference between the magnitude of the respec t ive p a r t i c l e 
flows in the upper and lower bed pa r t : (f v,-f k , ) << (f v 2 - f . k 2 ) and 
D, >> D2. This causes that a much more s i gn i f i can t t r a n s i t i o n in the so l ids 
concentrat ion wil l be found at the posi t ion of the boundary z-z„ between 

n 

both bed par t s in case of a la rger value of the r a t i o ip. This i s in good 
agreement with th( 
Figures 21 and 22. 

concentrat ion will be found at the posi t ion of the boundary z-z„ between 
n 

i s 
agreement with the experimentally achieved t r a n s i t i o n s of PP n o r m

 a t Z"Z
H

 I n 
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Figure 21: Model f i t of the normalized presence probabi l i ty in case of 
experimental set 2.3: 0 , - 1 , 6 m/s; H /D = 2.85 [ - ] ; z = 0.32 [ - ] . 

Model parameters: \ , - * 1.3 r a [ - ] ; x2 = ♦ 2.3 [ - ] . 

set 2.5 

U0 : U u / s 

Hm f /D = 3.85 I - ] 

Figure 22: Model 
experimental se t 

Model paramet 

f i t of the normalized presence probabi l i ty in case of 
: 2.5: U0 - 1.14 m/s; H /D - 3.85 [ - ] ; z - 0.37 [ - J . 
jarameters: * , - ♦ 0.5 t~3; >2 - ♦ 1.0 [ 2 ] . 
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F i n a l l y , I t i s observed that the t r a n s i t i o n becomes l e s s c lea r at a 

higher gas v e l o c i t y and a lower H . / D - r a t i o (compare exper imental set 2.3 

and 2 . 5 ) . Consequently, at these cond i t ions the r a t i o i|/ decreases which 

might p a r t l y be due to an increased upwards s o l i d s f low as a r e s u l t of a 

l a r g e r drag f o r c e . 

5. CONCLUSIONS 

The main conclus ions as obta ined i n t h i s paper can be summarized as f o l l o w s : 

1 . The upward p a r t i c l e v e l o c i t y i s a f u n c t i o n of the a x i a l p o s i t i o n i n the 

bed and increases w i th inc reas ing s u p e r f i c i a l gas v e l o c i t y , wh i l e i t i s 

not dependent on the H . / D - r a t i o (< 5 ) . 

2 . From c a l c u l a t i o n s i t i s concluded t h a t the average gas s lug r i s e 

v e l o c i t y i s h igher than the s o l i d s l u g r i s e v e l o c i t y , which i n d i c a t e s 

t h a t t he s o l i d s lug i s f lowed through w i th gas. 

3 . The downward p a r t i c l e v e l o c i t y increases along the bed he igh t ; f u r t h e r 

no In f luence of the H / D - r a t i o nor of the s u p e r f i c i a l gas v e l o c i t y i s 

observed. I t i s concluded t h a t the p o s i t i o n of the bed he ight at minimum 

f l u i d i z a t i o n H . e f f e c t s the magnitude of the upward v e l o c i t y , which i s 
mi 

expla ined by the development of the s lugs below h»H . 

1 . A c lea r d i f f e rence i s present between the upward and downward v e l o c i t y 

r a t i o as a f u n c t i o n of the bed he ight i n a segregat ing and i n a non-

segregat ing system at h igher s u p e r f i c i a l gas v e l o c i t i e s : i n a non-

segregat ing system a c lea r maximum i s found , w h i l e f u r t h e r a s i g n i f i c a n t 

change i n i t s shape i s observed a t h=H . 

5. Above h=H „ no d i s t i n c t i o n can be made between the p a r t i c l e v e l o c i t i e s 
mr 

of small and la rge ampli tude displacements. Th is suggest tha t the 

p a r t i c l e already reaches i t s steady s t a t e v e l o c i t y du r ing i t s movement 

i n one s i n g l e measurement window or /and t h a t predominant ly la rge 

ampl i tude movements take p lace . 

6 . A p a r t i c l e i n a s lugg ing gas f l u i d i z e d bed shows a very s t rong tendency 

t o cont inue I t s movement i n an upward or downward d i r e c t i o n once i t i s 

engaged i n i t . No s t r i c t d i f f u s i v e mechanism i s found, wh i le a lso no 

memory e f f e c t i s p resen t . The s o l i d s displacement i s considered t o be 

a n i s o t r o p i c w i th respect t o a x i a l d l s p e r i s o n . 

7 . I t i s observed t h a t d i r e c t i o n changes of the p a r t i c l e predominant ly take 

place over longer d is tances than the w id th of the middle measurement 

window (6^ mm). O s c i l l a t i n g displacements are very u n l i k e l y . 
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8. In general the mean par t ic le cycl ing times are smaller than 5 seconds, 
however In a segregating system variations between 0.1 sec and more than 
1 minute are observed dependent on the axial posit ion In the Ded. 

9. The phenomenon of 'so l ids d i l u t i on ' influences the axial presence 
probabi l i ty of the par t ic le which decreases along the bed height. The 
effect of sol ids d i lu t ion and segregation can be explained by a balance 
of forces acting on a par t ic le (drag force, buoyancy and g rav i t y ) . 

10. A general model for par t ic le motion in a slugging gas f lu ld ized bed i s 
formulated based on convectlve, dispersive and segregative solids flows 
which are d i f ferent In the upper and lower part of the bed; the boundary 
is situated at the bed height at minimum f lu id i za t ion (H . ) . A 

mf 
comparison between experimental results and model calculations leads to 
useful results which can be applied for a diagnostic evaluation of the 
motion of sol ids In the upper and lower part of the bed. 

- 151 -



3.1 Comments 

3.1.1 Comment 1: c r i t i c a l gas veloci ty U and bed 

aspect r a t i o (H JD) 155 
mr c 

3.1.2 Comment 2: the axia l so l i d s dispers ion coef f ic ien t 
in slugging beds 157 

3 ." .3 Comment 3: experimental evaluat ion of the general 
' t w o - l a y e r ' model 161 

3.1.1 Comment 1: c r i t i c a l gas veloci ty U and bed aspect r a t i o (H /D) 

I t has been concluded in the f i r s t paper in t h i s chapter (chapter 3.2) 
and in paper 3.2 that segregation i s influenced by the s u p e r f i c i a l gas 
ve loc i ty , the bed aspect r a t i o at minimum f l u i d i z a t i o n (H /D) as well as by 
the bed diameter. Consequently, these fac tors have to be taken i n t o account 
during the design phase of a f luid bed boi le r so as to obtain the required 
level of segregation during the operation of the combustor. However, in 
general the (hydraul ic) bed diameter can only be varied between narrow 
boundaries that are determined predominantly by the heat t r ans fe r 
requirements. Therefore, in a p rac t ica l s i t u a t i o n , only the gas veloci ty and 
the H . / D - r a t i o can be varied during operat ion in order t o influence the 
extent of segregat ion . 

The segregat ion model as discussed in chapter 3.2 and paper 3-2 provides 
the p o s s i b i l i t y to ca l cu l a t e the required magnitude of the values of the gas 
veloci ty and the H f / D - r a t i o at which a s p e c i f i c degree of segregation i s 
present in the bed. 

This spec i f ic level of segregation i s defined as the c r i t i c a l level of 
segregat ion S0 which corresponds to a c r i t i c a l value of the model parameter 
X being defined as X0. I t has been shown in paper 3-2 that A i s a function 
of the r a t i o between the upward and downward p a r t i c l e v e l o c i t i e s (k/v) as 
well as of the r a t i o between the so l ids volume f rac t ions in respec t ive ly the 
p a r t i c l e and gas slug (m). In the same way i t wil l be defined here t h a t : 

A0 - 2 - (mk/v)0 - (v/mk)0 [1 .1 ] 

Consequently, the c r i t i c a l level of segregation S0 i s reached a t a 
corresponding c r i t i c a l value of the r a t i o x0 - (mk/v)„. I t can e a s i l y be 
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seen t h a t always x0>0, so subsequently the f o l l o w i n g e x p l i c i t expression 

between x0 and l e i s der ived from E q . [ 1 . 1 ] : 

x0 - [ 1 - A . / 2 ] ♦ [ ( l 0 / 2 ) 2 - X 0 ] 1 / s [ 1 . 2 ] 

The procedure f o r the d e r i v a t i o n o f x0 i s now i n p r i n c i p l e very s imp le . 

F i r s t , the requ i red c r i t i c a l ex tent of segregat ion S0 i s chosen; f u r t h e r , 

the corresponding value of X„ i s c a l c u l a t e d , whereaf ter x0 i s c a l c u l a t e d 

w i t h the equat ion given above. For example, when on ly a smal l ex tent of 

segregat ion i s d e s i r e d , e . g . S0 - 5 [ - ] , then J , - -0 .20 [ - ] and 

x , - 1.56 [ - ] . 

In paper 3.2 r e l a t i o n s h i p s have been summarized which descr ibe the 

upward and downward v e l o c i t i e s , r e s p e c t i v e l y k and v , as a f u n c t i o n of f l u i d 

bed cond i t i ons (D, H , U 0 , a , b and m) and p a r t i c l e system p rope r t i es 

(expressed by the parameter R ) . When these r e l a t i o n s h i p s are s u b s t i t u t e c i n 

the express ion x0 - ( m k / v ) 0 , f i n a l l y , equat ions can be der i ved f o r the 

c r i t i c a l gas v e l o c i t y (U ) as w e l l as f o r the c r i t i c a l bed aspect r a t i o a t 

minimum f l u i d i z a t i o r . ((H _/D) ) at which the segregat ion l e v e l S0 w i l l be 

reached. In t h i s way the c r i t i c a l gas v e l o c i t y i s subsequently obta ined as: 

[ E ' g R b H / 2 ] / j * [ x 0 0 . 3 5 ( a g D ) 2 ] 
'J ■ u ♦ - &- - . - [ , . 3 ] 

x „ 2 [ b H ^ / | ( 0 .35 m) J 2 a D R| ] 2 - xc 

And the c r i t i c a l bed aspect r a t i o i s f u r t h e r der ived as: 

x . [<U.-UB f> ♦ 0 . 3 5 ( a g D ) ' / j ] 
. \h / lin 

mf' 
[1 .« ] 

raf ° x 0
2 (U.-U . ) [b / | ( 0 .35 m)2 2 a R) ] V » - [g R b D / 2 ] V * 

As example the cr i t ica l velocity is calculated in case of mixture I (see 
chapter 3.2) i n the 5 cm ID bed a t S0 - 10 [ - ] ; a value of U = 1.7" m/s i s 

achieved which agrees we l l w i t h the exper imental value of U - 1.6 t o 

1.7 m/s as i t can be der ived from F igure 10a i n chapter 1.2. 

I n Figure 1.1 the ca l cu la ted values of (U -U . ) have been p l o t t e d as a 
c mr 

f u n c t i o n of the bed aspect r a t i o H _/D ( i n case of the 5 cm ID bed; 
mf 

cond i t i ons of mix tu re I ) . I t i s c l e a r tha t U increases w i th inc reas ing 

H / D - r a t i o as i t was expected. Fu r the r , i t i s shown t h a t U at S„ ■ 5 [ - ] 

i s much l a rge r than Uc at S0 - 10 [ - ] when Hmf /D > 1.5: at Hmf /D - 1 the 

d i f f e r e n c e i s about 0 .1 m/s, but at H , / D - 2 and 3 the d i f f e r e n c e i s 
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already respec t ive ly 0.7 m/s and 3-6 m/s . So, these ca l cu la t ions ind ica te 

tha t r a t h e r l a rge values of the gas veloci ty are needed to obtain a c r i t i c a l 

extent of segregation S0 < 5 [-] a t p rac t i ca l l eve l s of the H f / D - r a t i o ; for 

example at H _/D ■= 3 a value of U > 7 m/s for mixture I in the 5 cm bed i s mf c 
necessary for S0 < 5 [ - ] ; in case of S, 
su f f i c i en t ) . 

10 [ - ] a value of U - 2.9 m/s is 

Hmf/D 

Figure 1.1: Model ca lcu la t ion of the c r i t i c a l gas ve loc i ty U , E q . [ 1 . 3 ] , 
as a function of the bed aspect r a t i o a t minimum f l u i d i z a t i o n H /D 

(Mixture I ; D - 5 cm; see chapter 3.2) 

Consequently, i t i s obvious that always segregat ion of bed mater ia l has 
t o be expected at supe r f i c i a l gas v e l o c i t i e s in the range of 1 to 3 m/s as 
applied during f lu id ized bed combustion. A poss ib le mechanist ic explanation 
for t h i s phenomenon has been given in the f i r s t paper (chapter 3 . 2 ) . 

3 .1 .2 Comment 2: the axia l so l i d s d ispers ion coe f f i c i en t in slugging 
beds 

In paper 3.2 i t has been demonstrated that the segregat ion model enables 
the ca lcu la t ion of the axial p a r t i c l e dispersion coe f f i c i en t . In t h i s 
comment some more model r e s u l t s will be shown, which a re fur ther compared 
with data given in l i t e r a t u r e . 

Some typica l examples of the p a r t i c l e dispers ion coe f f i c i en t , as 
obtained from the segregat ion model, as a function of the supe r f i c i a l gas 
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veloci ty are given in the Figures 2.1 and 2.2. I t is demonstrated that these 
calculations agree rather well with the dispersion coef f ic ient given by 
Thlel and Potter (1978). These authors have developed a model to predict the 
axia l solids mixing in a slugging f lu id ized bed containing round-nosed 
slugs. Their model supposes that each gas slug is followed by a well-mixed 
and a piston flow region. The model gives a prediction of the axia l solids 
dispersion coef f ic ient as: 

D„ = ( f 2 / 2 ) <1-emf) TD [U„-Umf * 0 .35(gD) ' / 2 ] [2.1] 

f is the f ract ion of the tnterslug volume which is perfect ly mixed. I t s 
value, as required by Thiel and Potter (1978) to f i t the i r experimental 
resu l ts , varies between 0.5 and 0.85. Their model gives a reasonable 
predict ion of the data with f = 0.5 in a 5.1 cm ID bed, f - 0.75 in a 
10.2 cm ID bed and f = 0.85 in a 21.8 cm ID bed. They proposed for f the 
average value of f - 0.7, which they also used for comparison of the i r model 
with l i t e ra tu re data. The results predicted by the i r equation of D0 are 
shewn to be in good agreement with the values reported by other authors. 
E.g., the i r model predicts the scale effect of bed diameter, as f i r s t 
reported by May (1959) with a f a i r degree of accuracy. The dispersion 
coeff ic ient as given in Figures 2.1 and 2.2 in case of mixture I in the 
5 cm ID and the 7.5 cm ID bed are calculated with values for f obtained from 
in terpo la t ion, these are respectively f = 0.5 and f = 0.67. 

The relat ionship of Thlel and Potter (1978) is based on the length of 
the gas slug as is given by Eq.[13] in paper 3.2. However, the i r equation 
does not contain the influence of the type of slugging which is expressed by 
the dimensionless slug parameter a. This Influence Is probably incorporated 
in the value of the f ract ion f which they obtained by f i t t i n g the equation 
to experimental data. 

Viswanathan and Subba Rao (198U) show that the axia l solids dispersion 
coef f ic ient is predicted by the i r sol ids c i rcu la t ion model to be 
proportional to (U„-U ) to the power 0.2. This resul t showed to be at least 
i n qual i ta t ive agreement with the data summarized by Van Deemter (1980). 

Further, Avidan and Yerushalmi (1985) presented l i t e ra tu re data and own 
measurements wich show the axial dispersion coeff ic ient to be l inear 
dependent on the gas veloc i ty . The calculations based on the segregation 
model as shown in Figures 2.1 and 2.2 indicate that in these cases the 
dispersion coeff ic ient of segregating part ic les is predicted to be 
proportional to (U0-U _) to the power 0.61 and 0.75 respectively. 

- 158 -



10x10 -3 _ 

Cl 

e 

* 5 

d.L J_ 

■■ model 

: Thlel and Potter (1978) 

X 
0.8 1.0 1.2 1.4 

- * — U 0 ( m / s ) 

Figure 2 . 1 : Comparison between the part ic le dispersion coef f ic ient calcula
ted with the segregation model and the equation of Thiel and Potter (1978) 

(Mixture I ; H^/D 3.04 [ - ] ; U , - 0.58 m/s; D mi 5 cm). 
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Figure 2.2: Comparison between the par t ic le dispersion coef f ic ient calcula
ted with the segregation model and the equation of Thiel and Potter (1978) 

(Mixture I ; Hmf/D 2.36 [ - ] ; U mf 0.56 m/s; D - 7.5 cm). 
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In Figure 9 in paper 3.2 I t has been shown that also a good agreement is 
found between the experimentally obtained dispersion coef f ic ient as a 
function of the bed diameter and the equation of Thiel and Potter (1978). 

Viswanathan and Subba Rao (1981) reported that the axial sol ids 
dispersion coef f ic ient is predicted by the i r model to be proportional to the 
f l u i d bed diameter raised to the power 1.1 (for beds with H/D > 0.625), 
which is in excellent agreement with the data summariEed by Van Deemter 
(1980). 

In general, the results of the segregation model demonstrate that D0 is 
proportional to the bed diameter raised to the power 1.25, which is in good 
qual i ta t ive agreement with the value of 1 .1. 
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Figure 2.3: The extent of segregation S as a function of the super f ic ia l gas 
veloci ty at 850 °C: a comparison between model and experiment (Mixture I ; 
H f /D - 2.1 [ - ] ; U f - 0.38 m/s; D - 10 cm; f i t t e d value of f - 0.68 [ - ] ) . 

In Figure 2.3 the agreement between the segregation model and the 
experimental results of the extent of segregation is shown as a function of 
the super f ic ia l gas velocity in the 10 cm ID bed at 850 °C. I t is observed 
that the model predicts a value of the extent of segregation which is more 
than 301 higher than the experimental value at gas veloci t ies smaller than 
0.7 m/s. Especially at U„ - 0.5 m/s the difference between model and 
experiment is considerable. The best f i t between model and experiment is 
obtained with a value of the f ract ion of part ic les in the par t ic le slug, fm, 
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of 0.68 [ - ] . This value imp l ies tha t 32? of the segregat ing p a r t i c l e s i s 

' r a i n i n g th rough ' the gas s l ugs . Under ambient cond i t i ons (20 °C) a value of 

f = 0.61 [ - ] i s ob ta ined , which d i f f e r s not much from the value a t h igh m 
temperature. In Figure 2.1 i t i s demonstrated t h a t the segregat ion model 

p red i c t s a t 850 °C a s o l i d s d i spers ion c o e f f i c i e n t which i s q u a l i t a t i v e l y i n 

agreement w i th the equat ion of T h i e l and Pot te r (1978) , however, the model 

value i s i n general about 70 mm2/s s m a l l e r . 

0 I I I I L 
0 0.5 1.0 15 2.0 2 5 

m~- Uo (m /s l 

F igure 2 . 1 : Comparison of the ca l cu la ted p a r t i c l e d i spers ion c o e f f i c i e n t and 
the equat ion of T h i e l and Pot ter (1978) as a f u n c t i o n of the s u p e r f i c i a l gas 

v e l o c i t y a t 850 °C ( c o n d i t i o n s : see Figure 2 . 3 ) . 

3.1.3 Comment 3: experimental evaluat ion of the general ' two- layer ' 
model 

In the second paper (chapter 3.3) i n th is chapter a general model has 
been introduced for the description of par t ic le motion in slugging gas 
f lu ld ized beds. A key element of the model is that i t assumes that a 
slugging bed consists of two layers with di f ferent magnitudes of the upward 
and downward solids f lows. The axial solids d is t r ibu t ion Is obtained as a 
function of the axial posit ion of the boundary between the two layers as 
well as of two d is t r ibu t ion coeff ic ients which describe the r a t i o between 
the net convective/segregative flows and the dispersive flow In the 
respective bed layers. This model has been applied to explain the 
experimentally obtained solids presence probabi l i ty during the radioactive 
tracer measurements. 

- 161 -



In t h i s t h i rd comment i t wi l l be demonstrated that t h i s model i s a l s o 
ab l e to descr ibe p a r t i c l e d i s t r i b u t i o n s due to segregat ion . Hereto the 
s t a t i c segregat ion experimental r e s u l t s wil l be applied which have been 
described in the f i r s t paper (chapter 3 .2 ) . 

In general a s i gn i f i c an t maximum in the axial d i s t r i b u t i o n of ' f l o t s a m ' 
p a r t i c l e s i s observed a t low super f ica l gas v e l o c i t i e s (U0-U < 0.3 m/s) , 
while nearly no p a r t i c l e s a re present in the two bottom layers of the bed 
(LU and 15); a typc la l example i s shown in Figure 3.1 (U0 » U . ) . This same 
phenomenon has a l s o been repor ted in chapter 3.3 where a Piaximum in the 
presence p robab i l i ty of the ' f lo t sam' t r a c e r p a r t i c l e i s found. This maximum 
occurs in the upper sec t ion of the bed (at z » 0.8 [ - ] ) and i s explained by 
the opposite ac t ion of segregat ion forces and the occurence of ' s o l i d s 
d i l u t i o n ' above the bed height at minimum f l u i d i z a t i o n . 

£ 

45 -

33 

21 

L 1 

*! =-13 74 
X2 = 1 16 

Z H = 0 60 
. x = experiment 

• = model 

Figure 3 . 1 : Comparison between the experimental and the model p a r t i c l e 
d i s t r i b u t i o n s (Mixture I ; D - 5 cm; H , /D - 2.08 [ - ] : U. - 0.65 m/s) . 

mf 
Figure 3.1 points out that a good f i t between model and experiment i s 

obtained a t L ■ 0.60 [ - ] , X, - -13.7" C-] and x2 - +1.16 [ - ] . The negative 
value of the d i s t r i b u t i o n coeff ic ient X, in the lower bed sec t ion (z < z^) 
Implies tha t f .k , > f v , , which ind ica tes that the upward convective/ 
segregat ive flow of the ' f lo tsam' alumina in t h i s sec t ion of the bed i s 
l a rge r than the downward flow. This causes the p a r t i c l e s t o segrega te , 
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however, the d is t r ibut ion coef f ic ient X2 in the upper section is posit ive 
which means that here the net convective/segregative flow i s directed 
downwards (f

k
l<2 < f v 2 ) . which clearly explaines the occurence of the 

'so l ids d i l u t i on ' in th is upper part of the bed. 
The maximum disappears at higher gas veloci t ies where probably the 

influence of 'sol ids d i l u t i on ' becomes small in comparison with the 
convective/segregative flow. In Figure 3.2 i t Is i l l us t ra ted that the model 
f i t s the data well In such a case with values of the d is t r ibu t ion 
coeff ic ients which are both negative. Furthermore the dimenslonless boundary 
posit ion z., has been shi f ted to z„ » 0.20 [ - ] . However, i t should be noticed 

n n 

that at a higher gas velocity the average bed height H0 has increased, which 
w i l l decrease the ra t i o H/H0 when H remains constant. 

31 
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x \ 

^ = -5 46 
X2 =- 1 16 
Z H = 0 20 

_ x = experiment 
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L1 ' L2 ' 

\ x 
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Figure 3.2: Comparison between the experimental and the model part ic le 
d is t r ibut ions (Mixture I ; D - 5 cm; H ,/D - 2.08 [ - ] ; U0 - 0.90 m/s). 

ml " 
The influence of the superf ical gas velocity on the model parameters is 

c lear ly demonstrated in the Figures 3.3 ( z „ ) , 3-1 ( * i ) and 3.5 (A,) for 
n 

mixture I . Figure 3.3 shows that in general three regions can be 
distinguished with respect to z„ : z„ is almost constant at a value of 0.6 

n n between the minimum f l u i d i z a t i o n veloci ty (U mf 0.6it m/s) and U0 - 0.9 m/s; 
z„ decreases from 0.6 to 0.2 between 0.9 m/s and 1.1 m/s, whereafter i t 

n 
remains at 0.2 at gas veloci t ies higher than i. i i m/s. 
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Figure 3-3: The dimensionless posit ion of the boundary z„ as a function of 
the superf ic ia l gas velocity (Mixture I ; D - 5 cm: H „?D - 2.08 [ - ] ) . 

mr 

I 

Figure 3. " : The d is t r ibu t ion coef f ic ient \ , as a function of the super f ic ia l 
gas velocity (Mixture I ; D - 5 cm; Hmf/D - 2.08 [ - ] ) . 
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Figure 3 .5 : The d i s t r i b u t i o n coeff ic ient X2 as a function of the super f ica l 
gas veloci ty (Mixture I ; D - 5 cm; H^/D - 2.08 [ - ] ) . 

X, decreases with increasing gas v e l o c i t i e s and shows a minimum at about 
U0 = I.IJ. m/s which corresponds with the gas veloci ty where z„ remains 
constant a t 0 . 2 . So A, does not become zero , but even increases a l i t t l e at 
higher gas v e l o c i t i e s , ind ica t ing that the net upward s o l i d s flow inc reases . 
The reason for t h i s phenomenon i s not c l e a r . 

The d i s t r i b u t i o n coeff ic ient X2 shows a l s o a minimum, but t h i s i s in a l l 
cases present at a gas veloci ty of about 1 m/s. Further in general X2 

becomes about zero at higher ve loc i t i e s (U„ > 1.6 m/s) , which ind ica te s that 
the upper sec t ion of the bed is completely mixed ( the axia l p a r t i c l e 
concentrat ion i s c o n s t a n t ) . However, s t i l l some segregat ion i s p resen t , 
c 2 ( z ) > c 0 , due to the fact that X, < 0. 

In Figures 3.6 and 3.7 two typ ica l examples are p lo t ted of the 
d i s t r i b u t i o n coeff ic ient X2 as a function of the extent of segregation S. I t 

i s observed that X2 > 0 when S > 60 [-] and S > 30 [-] in r e spec t ive ly the 
5 cm ID (H _/D - 2.08 [ - ] ) and the 15 cm ID bed (H _/D - 0.79 [ - ] ) . mf mf 
Consequently, the net effect of ' s o l i d s d i l u t i o n ' and segregation in the 15 
cm bed i s much la rger ; obviously t h i s wi l l predominantly be the r e s u l t of 
the much smaller segregat ive flow in the 15 cm bed caused by the l a rge r bed 
diameter and the smaller H „ /D- ra t io , because both ef fec ts decrease the 

mi 
extent of segregation significantly (see chapter 3.2). 
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Figure 3.6: The d is t r ibu t ion coef f ic ient 1 , as a function of the extent of 
segregation S (Mixture I ; D - 5 cm; H „/D - 2.08 [ - ] ) . 
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Figure 3.7: The d is t r ibu t ion coef f ic ient 1 , as a func 
segregation S (Mixture I I ; D - 15 cm; H , 

ml 

as a function of the extent of 
/D - 0.79 [ - ] ) . 
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The magnitude of the minimum value of the d i s t r i b u t i o n coef f ic ien t Xt, 

* 2 , . , i s a measure of the extent of segregation S a t a supe r f i c i a l gas 
ve loc i ty of about 1 tn/s. For example, S * 45 [-] at X2, min -1.72 [-] in 

In Figure 3.8 the effect of the H . / D - r a t l o on A,. , 
mf min 

the 5 cm ID bed in Figure 3.6, while S « 18 [-] a t X2. . = -1.00 [-] in the 
15 cm ID bed in Figure 3.7. 

in the 5 cm ID bed 
i s demonstrated for three d i f fe ren t mixtures corresponding with d i f fe ren t 
weight r a t i o s W_ between sand and alumina of respec t ive ly 2 (mixture I I I ) , 3 

n 
(mixture I ) and 1 (mixture I I ) . In a l l cases i t i s observed that A,, . 

z mln 
becomes more negative with Increasing H . / D - r a t l o , which implies an increase 
of segregat ion . This effect of the bed aspect r a t i o has already been shown 
and discussed in chapter 3 .2 . 

Figure 3 .8: The minimum 

as a function of the H _/D-mf 
r a t i o (D - 5 cm; U0 

'mln 

1 m/s) . 

Furthermore, Figure 3.8 
c lea r ly i l l u s t r a t e s the general 
effect of the r e l a t i v e amount 
of the segregat ive mater ia l on 
the extent of segregation (see 
chapter 3 .2 ) : A. •mln decreases 
with increasing W , so the 

n 

extent of segregation decreases 
with a higher r e l a t i v e amount 
of alumina present in the bed 
(consequently, no segregat ion 
i s present when W., * 0, in t h i s 

n 
case a l l bed mater ia l i s alumina). 
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This effect of the weight r a t i o on the extent of segregation might a lso 
be predicted from the segregation model equations given in paper 3.2 
(Eqs . [7 ] , [8] and [ 1 0 ] ) . When W_ + 0 i t i s obvious tha t pWJ,,+ p , and 

R bulk alum 
consequently R * 0, so no segregat ion wi l l occur. Furthermore, when W_ ■» °> i t i s c lear that p. ,, * p , and so in t h i s case R * (p j / p v ,, - 1)i 'bulk Kalum 'sand bulk 
which i s t heo re t i c a l l y the highest value of R, indica t ing that in t h i s 
s i t u a t i o n the extent of segregat ion wi l l be maximum. 
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NOTATION 

a 
a< 
aA 
Ao 
Ar 
b 

c 

cm 
°ui t 

0| 
c2 
c , ( z ) 
c 3 
Ca/S 
d 

Do 
D, 
D3 

E,ftJ 
E ( t ) , E 
Emax 
"'rain 
E, 
E, 
f 
f,. 

nmf 
Hmf/D 

(Hmf/D), 

« dimensionless slug parameter 
■ I n i t i a l sorbent t n t e r f a c i a l area 
> t o t a l i n i t i a l sorbent i n t e r f a c i a l area 
> equilibrium parameter 
> Archimedes number 
■ dimensionless slug parameter 
■ formation r a t e parameter 
» chapter 2: gaseous sulfur concentrat ion 

chapter 3= so l i d s concentrat ion 
> oxygen reac tor i n l e t concentrat ion 
> oxygen reac tor o u t l e t concentrat ion 
■ chapter 2: i n i t i a l gaseous sulfur concentrat ion 

equivalent oxygen concentrat ion 
■ chapter 3: overa l l so l i d s concentrat ion 
■ oxygen concentra t ion 
■ sulfur dioxide concentrat ion 
> axia l sol ids concentration in upper bed section 
- sulfur t r i ox ide concentra t ion 
■ molar calcium t o sulfur r a t i o in the r eac to r feed 
• p a r t i c l e diameter 
' i n i t i a l average sorbent p a r t i c l e diameter 
■ average coal p a r t i c l e diameter 
■ average bubble diameter 
' maximum bubble diameter 
■ average bed par t i c le diameter 
■ chapter 2: sulfur dioxide diffusion coef f ic ien t 
■ chapter 3: bed diameter 
■ axia l so l i d s d ispers ion coef f ic ien t 
• oxygen diffusion coeff ic ient 
■ sulfur t r i ox ide diffusion coef f ic ien t 
• coal residence time d i s t r i b u t i o n function 
, ( t ) - sorbent residence time d i s t r i b u t i o n function 
- maximum bed expansion 
■ minimum bed expansion 
■ activation energy of S03 formation 
i activation energy of sorbent sulfation reaction 
fraction of the interslug volume which is perfectly mixed 

| volume fraction of solids in upward moving particle flow 
i volume fraction of solids in particle slug 
■ volume fraction of solids in downward moving particle flow 
i volume fraction of non-segregating solids in the bed 
■ bed cross-sectional area 
■ acceleration due to gravity - 9.811 m/s2 

■ bed height 
' average expanded bed height 
■ maximum bed height 
• bed height a t minimum f l u i d i z a t i o n 
i bed aspect r a t i o at minimum f l u i d i z a t i o n 

c r i t i c a l value of Hmf/D 
Hmin = minimum bed height 

[-] 
[mVm1] 
[m'/m1] 

[-] 
[-] 
[-] 
[-] 

[mol/m1] 
[ff/m1] 

[mol/m3] 
[mol/m5] 
[mol/ms] 
[mol /m1 ] 

[#/m J] 
[mol/m1] 
[mol/m1] 

[*/m5] 
[mol/m1] 

[-] 
[m] 
[m] 
[m] 
[m] 
[m] 
[m] 

[m*/s] 
[m] 

[m2 /s] 
[m ' / s ] 
[m ' / s ] 
[1 /s ] 
[ 1 / s ] 

[-] 
[-] 

[kJ/mol] 
[kJ/mol] 

[ - ] 
[ - ] 
[ - ] 
[ - ] 
[ - ] 

[m*] 

Cm] 
[m] 
[m] 
[m] 
[-] 
[-] 
Cm] 
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K - bubble-emulsion phase mass t r ans fe r coe f f i c i en t 
(based on t o t a l reac tor volume) [ 1 / s ] 

K& ■ idem (based on t o t a l bubble volume) [ ] / s ] 
K - equil ibrium constant [atm" / j ] 
K„ - equil ibrium constant [1 /Amol /m ' ) ] 
k - chapter 2: overa l l s u l f a t i o n r a t e constant 

based on SO, su l f a t ion [m/s] 
- chapter 3= upward (segregat ion) p a r t i c l e ve loc i ty [m/s] 

k, - chapter 2: overa l l coal combustion reac t ion r a t e parameter [m/s] 
- chapter 3: upward p a r t i c l e veloci ty in the lower bed sec t ion [m/s] 

k2 - upward p a r t i c l e veloci ty in the upper bed sec t ion [m/s] 
k3 » overal l su l f a t ion r a t e constant (based on S03 s u l f a t i o n ) [m/s] 
k , 0 - pre-exponentlal factor of sorbent su l f a t ion r a t e constant [m/s] 
k_ ■ mass t r ans fe r coef f ic ien t [m/s] 
k» - oxygen mass t r ans fe r coef f ic ien t [m/s] 
k_ - sulfur t r i ox ide mass t ransfer coef f ic ien t [m/s] 
kfl ■ su l f a t ion r a t e constant (based on S02 s u l f a t i o n ) [m/s] 
k_ * su l f a t ion r a t e constant (based on SO, su l f a t ion ) [m/s] 
1 - height of cy l ind r i ca l alumina p a r t i c l e [mm] 
m ■ chapter 2: two-phase gas flow parameter [-] 

■ chapter 3: r a t i o between volume f rac t ion of p a r t i c l e s in 
the p a r t i c l e and the gas slug [-] 

M,M2 " r e t en t ion parameter [-] 
M0 » i n i t i a l sorbent weight (before c a l c i n a t i o n ) [kg] 

- dimensionless model parameter [-] 
M, = combustion parameter [-] 
^CaCO " m ° l a r mass of CaC03 [g /no l ] 
An ■ amount of segregat ing p a r t i c l e s in a bed layer of height Az [#] 
N - t o t a l amount of segregat ing p a r t i c l e s in the bed [#] 
N„ ■ number of t r ans fe r un i t s [-] 
NCaO o * i n i t i a l amount of CaO in the bed [mol] 
N, j ■ percentual amount of segregat ing p a r t i c l e s In bed layer Li [ ? ] 
p • so l i d s exchange coef f ic ien t [m3 so l ids /m 3 bed/s] 

■ p robab i l i ty of d i r ec t ion change [-] 
pp » presence p robab i l i t y of t r ace r p a r t i c l e [-] 
P0 - maximum gas exchange r a t i o [-] 
P • average gas exchange r a t i o [-] 
q,q3 - CaO molar surface concentrat ion [mol/m2] 
q, = carbon molar surface concentra t ion [mol/m2] 
r - s u l f a t i o n r a t e [mol S0 , /m 2 / s ] 
r 0 - I n i t i a l s u l f a t i o n r a t e (r at t=0) [mol S0 3 /m 2 / s ] 
Ft • chapter 2: level of sulfur r e t en t ion [-] 

• chapter 3= dimensionless parameter which i s a function 
of s o l i d s weight r a t i o and d e n s i t i e s [-] 

RI - r e t en t ion Index [-] 
S - chapter 2: average r eac t ive sorbent surface area [m2] 

- chapter 3= extent of segregation [-] 
S. - i n i t i a l t o t a l ava i l ab l e r eac t ive sorbent surface area [m2] 
Sh, ,Sh,Shj - Sherwood number ( resp . 0 2 , S02 and S03 gas t r an s f e r ) [-] 
S0 - chapter 2: I n i t i a l r eac t ive sorbent surface area [m2] 

- chapter 3= c r i t i c a l value of extent of segregation [-] 
S t ( t ) = surface area of f reshly added coal as a function of time [m2] 
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:3, o • i n i t i a l t o t a l ava i l ab l e r eac t ive coal surface [m*] 
S, = surface area of f reshly added sorbent [ms] 
S , 0 = i n i t i a l t o t a l ava i l ab le r eac t ive sorbent surface area [m2] 
t * time [ s ] 
t , = time constant [ s ] 
T ■= Chapter 2: absolute temperature [K] 

- Chapter 3: length of p a r t i c l e slug in un i t s of bed diameter [-] 
u - dimensionless excess gas veloci ty in the bubble phase [-] 
u fc • bubble r i s e veloci ty [m/s] 
U 0 - s u p e r f i c i a l gas ve loc i ty [m/s] 
Uc = c r i t i c a l value of s u p e r f i c i a l gas veloci ty [m/s] 
Ue » supe r f i c i a l gas veloci ty in the emulsion phase [m/s] 
Umr » minimum f l u l d i z a t i o n veloci ty [m/s] 
U| - s t a b l e s lug veloci ty [m/s] 
v - downward p a r t i c l e veloci ty [m/s] 
v, » downward | : : ve loci ty in the lower bed sec t ion [m/s] 
v , = downward p a r t i c l e veloci ty in the upper bed sec t ion [m/s] 
V » reac tor volume [m'] 
V - t o t a l gas volume in the reac tor [tn'] 
v p a r t i c l e s * v o l u m e o f (sorbent) p a r t i c l e s in the reac tor [m'] 
wbed " t o t a l m a s s of" b e d raat«rial [kg] 

» mass of CaCO, in a sorbent p a r t i c l e [kg] 
Vip = weight r a t i o of sand (or i ron) and alumina [-] 
W0 = i n i t i a l r e a c t i v e mass of sorbent in the bed [kg] 
Wft - t o t a l i n i t i a l r eac t ive mass of sorbent in the bed [kg] 
xCaCO * weieht f rac t ion of CaCO, in a sorbent p a r t i c l e [-] 
x s ■ weight percentage of sulfur in coal feed [S] 
x0 ■ dimensionless parameter equal to (mk/v) at S»S0 [-] 
x, =■ molar f rac t ion of carbon in coal [-] 
x2 - molar Traction of sulfur In coal [-] 
x , = weight f rac t ion of calcium in sorbent [-] 
X - dimensionless SO, o u t l e t concentrat ion [-] 
X 0 - dimensionless sulfur (SC2 ♦ SO,) o u t l e t concentrat ion [-] 
X 2 » dimensionless 502 ou t l e t concentrat ion [-] 
X20 - i n i t i a l dimensionless S02 o u t l e t concentrat ion [-] 
X2"> ' S02 dimensionless o u t l e t concentra t ion at t-*» [-] 
z = chapter 2: r a t i o between molar volumes of su l f a t ion reac t ion 

product and reac tan t [-] 
- chapter 3: dimensionless bed height [-] 

z.. = a x i a l pos i t ion of boundary between bed l aye r s [-] 

Greek l e t t e r s 

a , , , . , o _,,_ " average CaO sorbent conversion [-] avg 2avg 
o_, v • maximum CaO sorbent conversion L"J 

UK1A 

V ■ stoichiometric parameter [-] 
E = bed porosity ["] 
tb • bubble fraction [-] 
c° - initial porosity of CaO in calcined sorbent [-] 
e_f ■ bed porosity at minimum fluidization [-] 
*c = molar carbon feed rate (based on C in coal) [mol/s] 
*Ca - molar calcium feed rate (based on Ca in sorbent) [mol/s] 
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'coal 

'N 
*0 ' 
*S " 
*sol ids 
*v 
< . 

A 

l l 

* 2 , m i n * 
u 
n 
ft 
A 
n 
P 
P o . 0 3 " 
Pi 
palum " 
"bulk " 
pg ' 
PP ■ 
psand " 
o ■ 

°'avg " 
°avg' ° 
°min " 
o, 
o, 
T , T 0 -
t i 
T br ' 
Tg ' 
T , , T _ -

[Kg/S] 
[mol/s] 
[mol/s] 
[mol/s] 
[mol/s] 

[kg/s] 
[raVs] 

[1/ / (mol/m3) /s] 

coal feed rate 
molar hydrogen feed rate (based on H in coal) 
molar nitrogen feed rate (based on N in coal) 
molar oxygen feed rate (based on 0 in coal) 
molar sul fur feed rate (based on S in coal) 
= sol ids feed rate 
gas flow rate 
forward S0a reaction rate constant 
pre-exponential factor of forward S03 reaction 
rate constant [ i / / (mo l 
backward SO, reaction rate constant [1 
chapter 2: stoichiometric a i r ra t io [mol 02 
chapter 3: dimenslonless parameter in segregation model 
c r i t i c a l value of X (chapter 3) 
d is t r ibu t ion coeff ic ient i n lower bed section 
d is t r ibu t ion coeff ic ient i n upper bed section 
minimum d is t r ibu t ion coeff ic ient in upper bed section 
gas viscosity 
oxygen conversion 
dimensionless parameter 
dimensionless parameter a/amax 
dimensionless parameter t / t 0 
solids density 
i n i t i a l sorbent density (before calcinat ion) 
coal density 
density of alumina par t ic le 
density of bulk material in the solids slug 
gas density 
average density of bed material 
density of sand par t ic le 
f ract ional reactive sorbent surface area 
average f ract ional coal surface area 

3 - average f ract ional reactive sorbent surface area 
minimum f ract ional reactive sorbent surface area 
f ract ional coal surface area 
f ract ional sorbent surface area 
maximum reaction time (e.g. pore plugging time) 
average coal residence time 
sul fur breakthrough time 
gas residence time 
average sorbent residence time 
dimensionless sul fur breakthrough time 
ra t io between d is t r ibut ion coeff ic ients X2 and X, 
• stoichiometric coeff ic ients 

/m ' ) /s ] 
/ ■ ] 
/mol C] 

[-] 
[-] 
[-] 
[-] 
[-] 

[Pa.s] 
[ - ] 
[ - ] 
[ - ] 
[ - ] 

[kg/m3] 
Ckg/m'] 
[kg/m J] 
[kg/m'] 
[kg/m3] 
[kg/m3] 
[kg/m3] 
[kg/m3] 

[-] 
[-] 
[-] 
[-] 

[m2] 
[-] 
[ s ] 
[s ] 
[ s ] 
[s ] 
[s ] 
[ - ] 
[ - ] 
[ - ] 
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