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A B S T R A C T

The transesterification of propylene carbonate (PC) or ethylene carbonate (EC) to dimethyl carbonate (DMC) by
using catalytic reactive distillation (RD) is a promising approach for carbon dioxide utilization. However, there is
still scarcity of comprehensive comparison between the two RD processes. Hence, using the UNIQUAC model and
kinetics calibrated by literature and our experiments, we conduct an extensive comparison of the two RD pro-
cesses. Based on the kinetic insights, laboratory RD processes for both reactions are modeled, analyzed, and
experimentally validated. Consequently, two RD processes designed to produce 60 ktpy of DMC are optimized
and compared. The interplay and control factors between reaction and separation are elucidated and clarified via
investigating variations of the actual chemical equilibrium constant profile compared with theoretical values
along the reactive section at various pressures, liquid holdups, etc. The results reveal that the optimized EC RD
process achieves almost 50 % reductions in both total annual cost and carbon dioxide emission compared to the
PC RD process. This work facilitates the carbon neutrality and provides an essential guide for quantitatively
assessing the two routes.

1. Introduction

Dimethyl carbonate (DMC) is a well-known environmental-friendly
chemical with broad applications due to its negligible ecotoxicity and its
biodegradability, being employed as a methylation reagent to substitute
extremely toxic dimethyl sulfate (or methyl halides) and as a “green”
alternative to acylating agents [1–3]. Additionally, it is also used to
produce electrolytes for lithium-ion batteries [4,5].

There are several methods to synthesize DMC, including the phos-
genation of methanol (MeOH), oxidative carbonylation of MeOH, direct
carbonylation of carbon dioxide with MeOH, and the transesterification
method [6,7]. Of all the routes, the former three methods suffer from the
obvious drawbacks. Specifically, the phosgenation of MeOH has been
forbidden due to environmental constraints, and the oxidative carbon-
ylation of MeOH demonstrates low conversion and challenge in DMC
selectivity [6]. The direct carbonylation of carbon dioxide with MeOH
commonly faces thermodynamic limitations and remains at the labora-
tory stage in spite of its advantages such as cheap, abundant, and

noncorrosive raw materials and green process [8–10]. Thus, the trans-
esterification method is considered as the most promising and mature
route for producing DMC and has been industrialized by companies such
as Texaco, Shell, and Mitsubishi Chemical [11,12]. Yet, trans-
esterification is commonly hampered by chemical equilibrium, pre-
venting complete conversion and requires relatively highMeOH to PC or
EC ratio. Fortunately, reactive distillation (RD) provides a good selec-
tion to overcome the chemical-equilibrium limitation inherent in
transesterification that enables continuous and timely removal of the
generated products from the reaction system. Main product’s yield of
chemical-equilibrium limited reactions such as (trans-)esterification can
be significantly increased [13–18]. Hence, RD columns tailored for the
transesterification of PC or EC with MeOH can offer significant benefits.

However, RD features that a highly coupled reaction and distillation
process within one shell, requiring suitable kinetics and transfer prop-
erties to ensure perfect matching between the product formation rate
and the distilling rate. Additionally, the homogeneous catalyst, sodium
methylate, commonly used in industrial RD brings about the intractable
and difficult separation of sodium methylate from the RD bottoms,
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resulting high energy consumption and complex equipment. Heteroge-
neous catalysts such as anion ion exchange resin, etc. have to be
employed or explored [19–23]. However, to date, the enhancement of
the reaction rate over heterogeneous catalyst is still quite limited, with
the activity of fine heterogeneous catalyst being at most only close to
that of sodium methoxide homogeneous catalyst. These can be found in
the slurry catalytic RD study by Lv et al. [21] and Yang et al. [22].
Furthermore, the low effectiveness of large catalyst pellet due to the
contradiction of reaction rate and column pressure drop reduces
apparent reaction rate such that ridiculous large amount of catalyst is
required and packed into reactive section of RD column. Hence, ho-
mogenous catalyst remains the preferred choice from the standpoint of
industrial practice.

Kinetics is one of the most important factors for designing and ret-
rofitting catalytic RD columns. The kinetics of the PC [23] and EC
[24,25] transesterification reactions have been systematically studied.
Zhang and Luo [23] conducted kinetics experiments and modeling of PC
to DMC using sodium methylate solution, achieving an initial reaction
rate of around 0.0005 ~ 0.001 kmol m− 3⋅s− 1 under the considered re-
action conditions. The proposed kinetics by Zhang and Luo [23] is quite
suitable and applicable because the RD simulation results embedded
with this kinetics is consistent with the industrial plant data provided by
Feiyang Chemical Co., Ltd. (China) [2,3]. For the kinetics of EC to DMC,
Fang et al. [24,26] presented a kinetics model, and thereafter performed
experimental and simulated studies on RD for DMC synthesis with so-
dium methylate as the catalyst. Although this kinetics has been exten-
sively used in lots of paper, it suffers from dimensional confusion,
namely the rate constants of forward and backward reactions have units
of L⋅mol− 1⋅s− 1 and s− 1 whereas the unit of kinetics rate is mol⋅L-1⋅min− 1.
This confusion hinders engineers from quantitively evaluating the rate
and may results in poor RD column design. Hence, it is essential to
clarify and calibrate the kinetics rate with experimental data.

Vapor-liquid equilibrium (VLE) is the other important factor. The
VLE study of the PC to DMC reaction has been well performed by Shi
et al. [27], Luo et al. [28,29], and Mathuni et al. [19], achieving
excellent consistency between the calculated and experimental VLE
according to Huang et al. [2]. As for the EC to DMC reaction, the UNI-
QUAC model with the built-in binary interaction parameters imbedded
in Aspen Plus show excellent agreement between the experimental and
calculated VLE. These provide a solid foundation for RD modeling and
scale-up.

From the reviews above, it can be retrieved that comprehensive
comparisons have never been performed, and that the interplay of

kinetics and separation in terms of tray holdup and stages for the two
reaction routes have hardly been revealed. Noticed that the differences
in kinetics rate of the two reactions brings about differences in tray
holdup and stages, suggesting differences in energy consumption,
operating and capital investment costs. Furthermore, the papers by
Huang et al. [2,3] reported that the bottoms composition of PC is around
1.44 wt%, and therefore a complex hydrolysis process downstreammust
be set up to remove the unreacted PC. It is undesired because of the
potential blockage of equipment due to the precipitation of sodium
methoxide. In contrast, the good papers by Fang et al. [26,30] reported
that the RD achieves almost total conversion of EC and high selectivity of
DMC, consistent with the literature by Asahi Kasei [12,31]. Remarkably
and fortunately, there existed only 0.1 wt% EC unreacted in the RD
bottoms, potentially avoiding the use of a complex hydrolysis process
and preventing blockage. Noticed that only based on the suitable ki-
netics without confusion, comprehensive comparison should be made.
However, there remains lack of calibrated kinetics of EC to DMC and
thereafter long-period experimental studies on the validation of RD
model. Additionally, sole simulation studies without experimental
validation cannot guarantee the reliability of the RD model. In contrast,
without the guidance of themodeling and simulation, experiments could
be arbitrarily conducted. Therefore, a combined approach of experiment
and simulation is employed for this study.

The purpose of this paper is to study the RD of two different routes,
reveal the interplay of kinetics and separation in terms of tray holdup
and number of stages and make a comprehensive comparison in terms of
reaction rates, capital investment and energy costs. Firstly, based on
calibrated kinetics, modeling and analysis of the two RD processes are
conducted, with the EC to DMC RD model validated in a laboratory RD
setup for long-term operation. Secondly, scaled-upped RD processes for
producing 60 ktpy of DMC are optimized and discussed in terms of
operating pressure, reactive trays, rectifying tray, stripping trays and
holdup. Finally, the optimized design for the two RD processes is
compared involving economic data, energy consumption and carbon
dioxide emission.

2. Thermodynamics and kinetics

The homogeneous catalytic RD process, integrating liquid reaction
and distillation processes, is notably intricate. This complexity poses
challenges when attempting to screen and evaluate different routes.
Fortunately, Aspen Plus could provide an effective tool with the steady-
state simulation of the DMC synthesis within a RD column.

Nomenclature

CO operating cost
ci concentration of the ith component, kmol⋅m− 3

DMC dimethyl carbonate
EC ethylene carbonate
EG ethylene glycol
FCI fixed capital cost investment
ID inner diameter of column shell
k1+ forward reaction rate constant of EC to DMC, s− 1

k1- backward reaction rate constant of EC to DMC,
m3⋅kmol− 1⋅s− 1

k2+ forward reaction rate constant of PC to DMC, s− 1

k2- backward reaction rate constant of PC to DMC,
m3⋅kmol− 1⋅s− 1

Kcs chemical equilibrium constant based on staged
concentration

Kc theoretical chemical equilibrium constant based on the
kinetics

LPS low-pressure steam
MeOH methanol
NR number of rectifying trays
NS number of stripping trays
NT number of theoretical stages
NRX number of reactive trays
P operation pressure
PC propylene carbonate
PG propylene glycol
R gas constant, 8.314 J⋅mol− 1⋅K− 1

RD reactive distillation
rEC conversion reaction rate of EC, kmol⋅m− 3⋅s− 1

rPC conversion reaction rate of PC, kmol⋅m− 3⋅s− 1

T temperature, K
TAC total annual cost
UNIQUAC universal quasi-chemical correlation activity coefficient
VRX volume of holdup on the reactive trays
xEC conversion of EC
xPC conversion of PC
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Table 1
Binary Interaction Parameters aij and bij of the UNIQUAC Model for the PC to DMC.

Comp. i MeOH DMC DMC PG MeOH MeOH

Comp. j DMC PC PG PC PG PC
aij 7.061 0 0 0 0 0
Aji − 8.109 0 0 0 0 0
bij (K) − 2395.356 172.470 − 209.529 − 290.492 − 301.778 49.94
Bji (K) 2457.924 − 216.199 − 9.027 59.416 142.266 − 244.595

Table 2
Binary Interaction Parameters aij and bij of the UNIQUAC Model for the EC to DMC.

Comp. i MeOH DMC DMC EG MeOH MeOH

Comp. j DMC EC EG EC EG EC
aij 0.30356 0.45281 3.3311 − 9.07962 − 30.0441 2.73049
Aji 1.12075 0.14056 − 1.6368 8.92515 2.8879 − 2.34082
bij (K) − 89.351 − 682.682 − 1430.12 3627.65 9254.07 − 1102.64
Bji (K) − 700.786 148.446 429.06 − 3873.45 − 822.92 743.732

Fig. 1. Experimental and estimated T-xy and y-x at corresponding pressure: ( ) experimental data from the literature; (—,⋅—⋅) estimated data by the
UNIQUAC model. (a) MeOH and DMC at 101.3 kPa; (b) MeOH and EG at 101.3 kPa; (c) MeOH and EC at 101.3 kPa; (d) DMC and EG at 35.33 kPa; (e) DMC and EC at
101.3 kPa; (f) EG and EC at 6.87 kPa.

M. Xia et al. Separation and Puriϧcation Technology 356 (2025) 129745 

3 



2.1. Thermodynamics Property

Both the EC to DMC and PC to DMC routes encompass four compo-
nents, namely EC to DMC (MeOH, EC, DMC, and EG) and PC to DMC
(MeOH, PC, DMC, and PG). Noticed that MeOH and DMC form a
minimum-boiling azeotrope with a composition of 0.67/0.33 wt/wt at
101.3 kPa. Therefore, it becomes quite significant to select suitable
thermodynamics properties that accurately describe the VLE of the both
quaternary systems.

For the PC to DMC RD, the UNIQUAC model for the liquid phase and
the RK model for the vapor phase are used to describe the vapor–liquid
equilibrium (VLE). Regression was performed based on the experimental
vapor–liquid equilibrium data. The experimental data for the MeOH/
DMC pair are retrieved from Rodrıǵuez et al. [32]. The binary interac-
tion parameters of DMC/PC, DMC/PG and PG/PC identical to Huang
et al. [2] are regressed with the experimental data from Luo et al. [29]
and Mathuni et al. [19], and other binary interaction parameters of
MeOH/PG, MeOH/PC are directly retrieved from Huang et al. [2]
because of their perfect simulations. All the binary interaction param-
eters listed in Table 1 offer good agreements between the experimental
and estimated VLE as in Figure S1 (SI). For the EC to DMC RD, the
UNIQUAC model for the liquid phase with idea gas model are used to
describe the VLE. The binary interaction parameters of MeOH/DMC,

MeOH/EG, MeOH/EC, DMC/EG, DMC/EC, and EG/EC retrieved from
the Aspen Plus are listed in Table 2 because of the excellent agreements
[30,32,33] between the experimental and estimated VLE (Fig. 1).

2.2. Catalysis and kinetics

The catalytic kinetics of PC with MeOH using sodium methoxide as
catalyst has been studied by Zhang et al. [23]. However, although Fang
et al. [24] has proposed the kinetics of EC with MeOH using sodium
methoxide as catalyst and reported a good agreement with the simulated
results of laboratory-scale RD, there still existed a problem of dimen-
sional confusion, namely the rate constant of forward and backward
reaction units is as L⋅mol− 1⋅s− 1, and s− 1 whereas the unit of kinetics rate
is as mol⋅L-1⋅min -1. Hence, we perform experiment using a three-neck
flask to verify and calibrate the kinetics rate based on Fang’s [24]. It
is disclosed as compared in Fig. 2 that the calibrated rate constant is
around 60 times higher than that by Fang’s, and thus for simple trans-
formation the unit of kinetics rate of EC consumption should be
kmol⋅m− 3⋅s− 1, but not kmol⋅m− 3⋅min− 1. Thus, the both trans-
esterification reactions are reversible with corresponding suitable ki-
netics expressed as follows:

(1) EC to DMC reaction:

Fig. 1. (continued).
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Reaction 1

rEC = k1+cECcMeOH − k1−
cDMCcEG
cMeOH

(1)

k1+ = 1.3246exp(
− 13060

RT
) (2)

k1− = 15022exp(
− 28600

RT
) (3)

(2) PC to DMC reaction:

Fig. 1. (continued).
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Reaction 2

rPC = k2+cPCcMeOH − k2−
cDMCcPG
cMeOH

(4)

k2+ = 275.86exp(
− 41373.5

RT
) (5)

k2− = 320.91exp(
− 28285.5

RT
) (6)

where rEC, rPC is conversion reaction rate of EC, PC, respectively
(kmol⋅m− 3⋅s− 1), ci is concentration of the ith component (kmol⋅m− 3), T
is reaction temperature (K), R is the gas constant (R=8.314
J⋅mol− 1⋅K− 1). Based on the kinetics by Fang et al. [26] at sodium
methylate concentration (proportion of pure sodium methylate weight
to total weight of sodium methylate and methanol) of 0.2 to 0.30 wt%,
the kinetics rate is calibrated by our experiment at 437.15 K and iden-
tical catalyst concentration, it is proven that the time unit related the
kinetics should be second rather than minute. Meanwhile, the kinetics
expression for PC conversion obtained by the experiment catalyzed by
sodium methylate concentration of 0.4 to 0.45 wt% [23]. Thus, it is
reasonable to ignore the catalyst component in the simulation for
simplification.

2.3. Kinetic insights

The conversion of EC, or PC with the temperature at various reaction
rates for given feed ratio (MeOH/EC or PC) are calculated as in Fig. 3
and Fig. 4 by using the corresponding kinetics equations. The higher the
feed ratio, the higher conversion at the given temperature and reaction
rate for the both reactions, suggesting the optimized feed ratio
exceeding 9/1 mol/mol should be essential.

The EC to MeOH exhibits the characteristic figure for typical
reversible exothermic reaction as in Fig. 3. For each reaction rate the EC
conversion gradually decreases with temperature, and thus a moderate
low temperature should be good. Meanwhile, considering the boiling
point of MeOH, EC, EG and the singular point of the system as shown in
Table 3, temperature range of 336 ~ 348 K should be quite beneficial for
the EC conversion and achieving vapor–liquid flow through RD column.

However, for the PC toMeOH the trends violate the typical reversible
exothermic reaction but obey the typical reversible endothermic reac-
tion as in Fig. 4. In spite of the abnormality, this kinetics can perfectly
describe this reaction with accordant simulations [2,23]. For each re-
action rate, PC conversion increases with temperature, and accompa-
nied with the singular points as listed in Table 4, a relatively high
reaction temperature range of 336 ~ 353 K should be preferred for both
PC conversion and excellent vapor–liquid flow within RD column.

At a relatively high EC conversion of 85 % and 336 ~ 348 K, the EC
conversion rate (~0.03 kmol m− 3 s− 1) is around 30 times higher than
the PC conversion rate (~0.001 kmol m− 3 s− 1) at its conversion of 70 %
and 336 ~ 353 K. This suggests the reaction rate of EC conversion is
much faster and more sufficient compared with those of the PC con-
version, implying a much less liquid holdup in the reactive section if the
RD column is employed.

3. Modeling, simulation and experiment

The RadFrac module based on the rigorous equilibrium stage model
considers mass, energy balance, summation, and phase equilibrium
equations. The equilibrium stage model is chosen in the RadFrac module
since it has been successfully applied in the modeling of lots of RD
processes acetic acid esterification [36,37], etherification such as TAME
[38], MTBE [39], etc.

As sketched in Fig. 5, for the both transesterification RD, there are
three streams, namely MeOH flow, PC (or EC) flow, and CAT flow using
sodiummethoxide saluted in methanol. The PC (or EC) flow and the CAT
flow are both fed to the upper of the column, while theMeOH flow to the
lower of the column. Thus, the column is divided to three sections,
rectifying section (above the PC or EC flow feeding location), reactive
section (between the MeOH flow and the PC or EC flow feeding loca-
tions), and stripping section (below the MeOH flow feeding location).
The reactive section offers sufficient contact surface for the trans-
esterification reaction to generate DMC and EG, in which an azeotrope
of DMC/MeOH is formed and ascended to the top while the higher
boiling EG drops into the bottoms. The function of the rectifying section
is to achieve the separation of PC or EC and the DMC/MeOH azeotrope,
assuring the least PC or EC ascending to the overhead flow. The stripping
section strips the DMC and the excessive MeOH descends from the
reactive section.

As shown in Fig. 6 and Table 5, a RD column with a height of 1930
mm Dixon (also called theta circle in China, 2 mm × 2 mm, ~ 30
theoretical stages per 1000 mm) dumped packing are built and operated
to validate the laboratory RD model for the transesterification of EC to
DMC. The transesterification of EC to DMC RD experiments are not
scheduled because of the excellent simulation in good agreements with
the plant data according to Huang et al. [2].

3.1. Laboratory RD simulation and validation

Based on the analysis above, we model continuous laboratory RD
processes for the two reactions. With the thermodynamics and kinetics
given in the Section 2 imbedded in the RadFrac block in Aspen Plus
V12.1, two RD models with corresponding process parameters can be
established as listed in Fig. 5. Since the laboratory column only has an
inner diameter of ~32 mm and can only undertake ~ kg/h liquid or
vapor flowrate, initially the fresh PC or EC mass flowrate is set at 1.5 g/
min with a temperature of 333.15 K and the MeOH flowrate is ~3.87
(molar ratio of MeOH: EC or PC=10: 1) times the PC or ECmass flowrate
and specified at ~5.8 g/min with a temperature of 337.15 K. The
overhead pressure is specified at 101.33 kPa also according to the lab-
oratory column practice, with a rough pressure drop of 40 kPa.

The interplay among liquid holdup, stages of reactive section, and
reflux ratio commonly plays important influence on RD column, espe-
cially for homogeneous reaction, as recommended by Luyben and Yu
[40]. Liquid holdup and stages of reactive section directly affect quan-
tality of liquid involved in the reaction, while reflux ratio directly affect
separation degree in distillation. The balancing and matching of the
three parameters determine status of RD. Herein, we have specified a
roughly sufficient stages of reactive section, hence the influence of liquid
holdup and reflux ratio on reaction and separation could be quantitively
investigated.
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Fig. 2. The simulated results related to conversion and concentrations with reaction time at a sodium methylate concentration of 0.25 wt% in terms of the total feed
(a) using calibrated kinetics and (b) using the kinetics by Fang et al. [24] in comparison with experimental data by this work at 437.15 K and atmospheric pressure.
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3.2. EC to DMC

Simulated Analysis. Fig. 7 shows that EC conversion, DMC content
in distillate, recovery of DMC generated, and EC content in bottoms
show a plateau as mass reflux ratio increase from 0.4 to 0.8, then the
former three indexes gradually decrease while the EC content in bottoms
gradually decreases as reflux ratio increase from 0.8 to 5. Fortunately,
only a low liquid holdup of 2 mL with a 0.8 lower reflux ratio is required
to achieve EC conversion of 99.9 % (Fig. 7a). This is mainly due to the
quite high reaction rate of EC to DMC. It is also revealed that for a given
holdup only a small reflux ratio is required to achieve the highest EC
conversion, lowest EC content in the bottoms, highest DMC content in
the distillate (nearly azeotropic composition), and the highest recovery
of DMC generated. This suggests that the reaction rate is sufficiently
high such that distilling rate could be a limited factor at higher reflux
ratios, hence a small reflux ratio could guarantee the timely removal of
the generated DMC from the overhead. Hence, liquid holdup per stage
(2 mL/1 stage) multiplies the stages of reactive section (30) produces a

total liquid holdup of 70 mL, exceeding which a satisfied reaction effect
could be obtained. The holdup of 2 mL per stage should be appropriate,
as the column diameter, determined by the maximum raising vapor, can
accommodate this holdup effectively.

Experimental Validation. In order to validate the laboratory RD
model, a column was built and operated as shown in Fig. 6 and detailed
in Table 5. The total stages are around 60 with ~ 30 reactive stages.
Fresh EC (along with the CAT flow) and fresh MeOH flow were roughly
fed to stage 16 and 46 respectively according to the boiling points and
densities of the feed components. The overhead pressure was naturally
maintained at atmospheric pressure, in line with laboratory column
practice. The experimental start up and operation is as in Section 1 (see
SI).

A long-term steady operation of the RD column, exceeding 400 h,
was carried out. Comparisons at four points indicated that the model
could accurately simulate the experimental results, including flowrates,
compositions of the distillate and bottoms, temperatures of the top and
reboiler, and the EC conversion as listed in Table 6. Since only the
reversible transesterification reaction is considered, the selectivity
cannot be rigorously simulated. In summary, the model of the trans-
esterification reaction should be competent in process/engineering
design of the scaled-up RD systems, provided the contradiction of liquid
holdup and tray drop is well addressed.

3.3. PC to DMC

Modeling. The influence of reflux ratio with various liquid holdup on
PC conversion, PC content in bottoms, DMC content in distillate, and
recovery of DMC generated is depicted in Fig. 8. It is revealed that a
quite high liquid holdup exceeding 50 mL with a 0.8 higher reflux ratio
is required to achieve PC conversion of 97 % due to the low reaction rate
of PC to DMC (Fig. 8a). There exists an optimum reflux ratio for a given
holdup that achieve the highest PC conversion, the lowest PC content in
the bottoms, the highest DMC content in the distillate (nearly azeotropic
composition), and the highest recovery of DMC generated. Hence, liquid

Fig. 3. EC conversion with temperature at various EC consumption rates.

Fig. 4. PC conversion with temperature at various PC consumption rates.

Table 3
Singular points of the EC to DMC system.

node type component boiling point,
K

composition, wt/
wt

Est. (Exp.) Est. (Exp.)

azeotrope unstable methanol/
dimethyl
carbonate

337.0 (336.9)
[32]

0.695/0.305
(0.669/0.331)[32]

MeOH saddle methanol 337.7 (337.7)
[34]

1

DMC saddle dimethyl
carbonate

363.4 (363.4)
[34]

1

EG saddle ethyl glycol 470.4 (471.0)
[34]

1

EC stable ethylene
carbonate

521.7 (516.7
at 0.987 bar)
[35]

1
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holdup per stage (50 mL/1 stage) multiplies the stages of reactive sec-
tion (35 stages) produces a total liquid holdup of 1750 mL, exceeding
which a satisfied reaction effect could be obtained. However, the holdup
of 50 mL per stage probably is too large such that the diameter of col-
umn, determined by merely raising vapor, cannot offer this large
holdup. Noticed that the holdup of 50 mL per stage is mainly based on
the assumed specified parameters to achieve the targeted indices.
Further optimizing the operation pressure, numbers of reactive, recti-
fying and stripping trays, and even adjusting the column two-end
specifications can reduce the holdup to an attainable value.

4. Scaled-up process studied

Once the laboratory scale models have been established and vali-
dated, we explore a scaled-up processes with a production capacity of 60
ktpy of DMC (120 % overdesign) is explored with the consideration of 1
million tons per year more marketing of the DMC. Based on the labo-
ratory RD model, the EC to DMC RD is magnified around 133,627 times
and the PC to DMC RD process is magnified around 95,079 times relative
to the corresponding laboratory scale. Since holdup is proportional to
DMC production and liquid height on tray according to analysis in Fig. 9,
the ratio PSU

PLab of scaled-up DMC production to laboratory DMC production

multiplies the ratio hliquid,SU
hliquid,Lab

of liquid height to laboratory liquid height
could be assumed as magnifying factor, and thus holdup per tray is
roughly 13.4 m3 (2 mL × 133,627 × 50) for the EC to DMC and 47.6 m3

(50 mL×95,079 × 10) for the PC to DMC process. Although these values
appear excessively large, they can further be optimized. The initial
design parameters remain consistent with the laboratory RD model as in
Fig. 5.

Based on the models, it should be quite convenient and efficient to
optimize the scaled-up processes in terms of energy consumption,
product loss, and product flowrate by considering the effects of various
parameters such as pressure (P), number of column trays (NT), number
of reactive trays (NRX), number of stripping trays (NS), number of
rectifying trays (NR), holdup on the reactive trays (VRX).

4.1. Economic and CO2 emissions basis

In the overall chemical process design, our primary concern lies in
the economic comparison between the both RD processes. Prior to the
comparison, we only adjust the key parameters above to seek the opti-
mized design for simplicity. The total annual cost (TAC) proposed by
Douglas [41] is employed to evaluate chemical engineering designs.

TAC
(
× 103$/year

)
= OC+ FCI/PP

PP represents the Payback Period, set at 3 years; OC denotes oper-
ating cost, includes steam costs, and entrainer supplement costs. Cooling
water costs, significantly lower than steam costs, are neglected. The
utility price, namely low-pressure steam ($7.78/GJ, 6 bar, 433 K), is
referenced from the section 5.4 in Luyben’s book [42]. FCI, namely
capital investment, involves columns, and heat exchangers including
condensers and reboilers. Small units such as pipes, valves, reflux tanks,
pumps are disregarded because of their relative low cost. Diameters of
the two columns are estimated using the “Tray Sizing” function in Aspen
Plus. The overall tray efficiency for each column is assumed at 50 % for
practice height design. Total heat transfer coefficients for the condenser
and reboiler are assumed at 0.568 kW/(K⋅m2) and 0.852 kW/(K⋅m2),
respectively. Detailed calculation formulas related to FCI can be found in
SI.

CO2 emissions are an important part of environmental impact eval-
uation [43]. Utility devices in distillation units are major contributors to
CO2 emissions [44]. Hence, CO2 emissions warrant significant attention.
Relevant formulas and calculation methods are derived from Gadalla

Table 4
Singular points of the PC to DMC system.

node type component boiling
point, K

composition, wt/wt

Est. (Exp.) Est. (Exp.)

azeotrope unstable methanol/
dimethyl
carbonate

336.8
(336.9)
[32]

0.681/0.319
(0.669/0.331)[32]

MEOH saddle methanol 337.7
(337.7)
[34]

1

DMC saddle dimethyl
carbonate

363.4
(363.4)
[34]

1

PG saddle 1,2-propanediol 460.8
(460.5)
[34]

1

PC stable propylene
carbonate

515.0
(515.2)
[35]

1

Fig. 5. Process flowsheet and initial specification of the laboratory RD model.
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[44], Yang [45] and Shen [43], as follows:

CO2 emissions =
(
Qfuel

NHV

)(
C%
100

)

α

where Qfuel (kJ/h) is the total heat of the heating device in the RD
process. The coefficient α is 3.67 in equation, and the NHV (kJ/kg)
represents the net heating value of a fuel containing a carbon content of
C%. The calculation formula for Qfuel and additional detailed parameters
are available in Table S1 (SI).

4.2. Scaled-up EC RD process

According to the simulation practice and the interaction between
reaction and distillation, the specifications of distillate and bottoms are
set at 0.27 wt/wt DMC and 5 × 10-7 wt/wt DMC respectively.

4.2.1. Optimizing parameters
Effect of Pressure. The base pressure is set as 1 bar. Table 7 gives the

results for the energy consumption, products losses, and bottoms

flowrate over a quite narrow pressure range due to the kinetics data
obtained at atmospheric pressure. An extremely high sensitivity to
pressure is clearly revealed. A quite significant increase (+43.5 %) in
energy consumption should be required with a small reduction in
pressure from 1 to 0.8 bar. The bottoms flowrate and the small products
losses (DMC, EG) are almost constant with pressure variations, indi-
cating the slight effluences on the downstream separation. Hence, the
optimum operating pressure is 1 bar.

This phenomenon can be explained as follows. In conventional
distillation, column pressure only affects the VLE. However, in reactive
distillation, pressure affects both chemical kinetics and VLE. The back-
ward specific reaction rate increases more quickly than the forward
specific reaction rate with increasing temperature due to its larger
activation energy, and thus decreases the chemical equilibrium constant
(Fig. 10). Increasing pressure entirely rises the temperature profile
within the column (Fig. 11), and thus entirely and slightly reduces the
chemical equilibrium constant KEQ (Fig. 12). Fortunately, for pressures
ranged from 1.1 to 0.8 bar, staged concentrations almost achieve
chemical equilibrium because the Kcs based on staged concentration
almost approaches to the theoretical Kc as calculated according to the
calibrated kinetics by us at corresponding staged temperature (Fig. 12).
This suggests that the reaction does not dominates the RD column, but
the distillation separation determines the status of the RD column.

In the rectifying section, an operating pressure of 1.0 bar provides a
DMC composition of 0.26 wt/wt escaping from the top of the reactive
section (Fig. 13), which is close to the distillate specification of 0.27 wt/
wt DMC and much higher than the operating pressure of < 1.0 bar does.
This suggests that the reflux ratio increases as the operating pressure
decreases from 1.0 to 0.7 bar. In the stripping section, an operating
pressure of 1.0 bar provides the EG composition of 0.133 wt/wt escaping
from the bottom of the reactive section (Fig. 13), which is close to the
bottom’s purity of 0.372 wt/wt EG and much higher than the operating
pressure of < 1.0 bar does. This suggests that the boilup ratio increases
as the operating pressure decreases from 1.0 to 0.7 bar. At an operating
pressure of 1.1 bar, the azeotropic composition rising to 0.71/0.29 wt/
wt MeOH/DMC owns a lower DMC composition compared to 0.69/0.31
wt/wt MeOH/DMC at 1 bar. Thus, much DMC should escape from the
bottoms once the distillate specification is still set at 0.27 wt/wt DMC.
Therefore, operating pressure of 1 bar is the optimum that offers the
minimized energy consumption.

Effect of Number of Reactive Trays. Table 8 gives results over a
range of values of the number of reactive trays while keeping the
numbers of stripping and rectifying trays constant at a pressure of 1 bar.
There is an optimum reactive tray number of 30 minimizing the energy
consumption. Abnormally, adding more reactive trays from the base 30
to 35 brings about a significant increase (+18.7 %) in energy con-
sumption, whereas decreasing the reactive trays below 30 makes the
bottoms composition violated. Products losses and the bottoms flowrate
are almost constant and insensitive to the variations of the reactive trays
from 30 to 35.

The explanation of the counterintuitive result can be referred from
the composition profiles show in Figure S2 and S3 (SI). With few reactive
trays, a lot of boilup ratio is required to keep the reactant EC from
dropping down the column while a lot of reflux ratio is required to keep
the reactant MeOH rising to the distillate. The situation is just the
reverse with a large number of reactive trays. The concentrations of the
reactants at the ends of the column where they are fed become large
because much of the other reactant has been consumed on the many
trays in the reactive zone before it reaches the opposite end. There is
little EC arriving near the bottom of the reactive zone, and thus the
concentration of MeOH is large near where it is fed. The concentration of
EC is large near where it is fed since there is little MeOH arriving near
the top of the reactive zone. These high concentrations near the feeding
trays require more vapor boilup and reflux to keep EC from escaping out
of the top and MeOH dropping out of the bottoms of the column.

Effect of Number of Stripping and Rectifying Trays. As expected,

Fig. 6. Sketch of laboratory reactive distillation column setup.

Table 5
Parameters for the Laboratory RD Column.

Items Parameters

Operation pressure Atmospheric pressure
Reflux ratio Adjusted with Elec-relay reflux ratio

controller
Overhead temperature, TT Monitored with temperature indictor
Bottoms temperature, TB Monitored with thermometer
Heating jacket temperature Controlled with temperature indictor
location of EC (catalyst) feeding
inlet

~530 mm from the top packing

location of MeOH feeding inlet ~1530 mm from the top packing
Rectifying section 530 mm (2 mm × 2 mm Dixon)
Reactive section 1000 mm (2 mm × 2 mm Dixon)
Stripping section 400 mm (2 mm × 2 mm Dixon)
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more stripping trays would make the fractionation easier and require
lower boilup ratio, and therefore the energy consumption is reduced
with increasing stripping trays as shown in Table 9. However, as the
stripping trays increases exceeding 15, the effects of stripping trays on
the energy consumption, products losses, and the bottoms flowrate be-
comes rather insensitive. Thus, the optimized stripping tray is 15. The
effects of rectifying trays are quite sensitive with the variations from the
base 15 such that the DMC specification in the bottoms cannot be ach-
ieved with the rectifying trays less or more than 15, as demonstrated in
Table 10. This is a surprising that remains a mysterious.

Effect of Holdup on Reactive Trays. Increasing holdup on reactive
trays improves performance, as almost in all the ideal cases revealed by
Luyben and Yu [40]. However, the liquid holdup on the reactive trays
cannot be infinitely large but should be limited by column diameter
mainly determined by boilup rate. Table 11 shows this trend that
decreasing the reactive tray holdup from the base 13.4 to 1 m3 results in
a slight increase (+4.8 %) in energy consumption with almost no effects
on products losses and bottoms flowrate. However, as the liquid holdup
decreases to 0.5 m3, the bottoms specification cannot be achieved. Thus,
the optimized holdup should be 1 m3.

To explain the phenomenon above, it is calculated that at various
holdups exceeding 1 m3, the staged concentrations almost achieve
chemical equilibrium because the Kcs based on staged concentration
almost approaches to the theoretical Kc as calculated according to the
calibrated kinetics by us at corresponding staged temperature (Fig. 14).
This suggests that the reaction does not dominates the RD column, but
the distillation separation determines the status of the RD column.
However, as the holdup decreases from 1 to 0.5 m3, the Kcs gradually
drifts away from the Kc. Further decreasing the holdup to 0.1 m3, the Kcs
keeps away from the Kc curve, especially at the lower part of the reactive

section. This implies that as the holdup decreases to lower than 1 m3, the
reaction, instead of distillation separation, is raised to dominate the
status of the RD column because of the lowering extent of reaction on
reactive trays. In this case, the low holdup does not offer sufficient liquid
volume to make the reaction approaching the chemical equilibrium.

4.2.2. Optimized EC RD design
The optimized EC RD design is as listed in Table 11, corresponding to

the case 1 m3 holdup, and shown in the section 4.4. This design differs
somewhat from the EC RD column reported by Fang et al. [24].

(1) Higher reaction rate: The kinetics calibrated by us exhibits a
significantly higher reaction rate, with a unit of kmol⋅m− 3⋅s− 1

rather than kmol⋅m− 3⋅min− 1. Thus, the time required to reach the
reaction equilibrium is only ~2 min.

(2) High EC conversion: The EC conversion achieves> 99.95 % at a
reasonably low holdup of 1 m3 avoiding the use of CSTR trains, in
contrast to the quite high holdup reported in the laboratory
experiment by Fang et al. [24].

4.3. Scaled-up PC RD process

According to the simulation practice and the interaction between
reaction and distillation, the specifications of distillate and bottoms for
PC RD are roughly set at 0.27 wt/wt DMC and 1 × 10-5 wt/wt DMC
respectively.

4.3.1. Optimizing parameters
Effect of Pressure. Table 12 clearly demonstrates the extremely high

sensitivity of the process to pressure. In contrast to the EC RD, a quite

Fig. 7. The influence of reflux ratio with various liquid holdup on (a) EC conversion, (b) EC content in bottoms, (c) DMC content in distillate, and (d) recovery of
DMC generated at overhead pressure of 101.33 kPa and column pressure drop of 40 kPa.
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significant reduction (− 51.9 %) from 25.66 to 12.34 MW in energy
consumption is achieved with reducing pressure from 1 to 0.8 bar,
whereas surprisingly energy consumption significantly increases with
increasing pressure from 1 to 1.1 bar. Meanwhile, for all the cases,
complete conversion of PC (>99.98 %) can be achieved, with constant
bottoms flowrate and quite small products losses. Considering the lim-
itation of the kinetics experiment of by Zhang at al.[23], further
reducing pressure could bring about misleading simulated result. Hence,
an operating pressure of 0.8 bar is the optimum, achievable by using a
vacuum pump.

Fig. 15 Shows that the rate constants k1+ almost keep constant and
k2- increases with increasing temperature ranging from 327 to 347 K,
and thus decreases the chemical equilibrium constant Kc. The chemical
equilibrium constant by using the staged liquid molarity (Kcs) in contrast
to that by using the Zhang’s [23] kinetics (Kc) has been calculated as
shown in Fig. 16 with the temperature profile detailed in Figure S4 (SI).
It is revealed that operating pressure has an essentially influence on the
PC RD column caused by the various kinetics rates induced by pressure
variation. As the pressure increases, the Kc profile overall and gradually
decreases, while the Kcs also overall and gradually decreases, especially
with increasing pressure from 0.8 to 1.0 bar, but Kcs substantially de-
creases with increasing pressure from 1.0 to 1.1 bar. Thus, the Kcs profile
becomes near the Kc profile as increasing pressure from 0.8 to 1.0 bar,
but becomes farther away from the Kc profile as increasing pressure from
1.0 to 1.1 bar. On the other hand, the stripping section could control the
PC RD column because the high concentration of methanol (>0.88 wt/
wt) has to be stripped to a moderate composition (~0.61 wt/wt) which
requires a large boilup ratio, as the composition profile as shown in
Figure S5 (SI). Meanwhile, reducing pressure decreases the azeotropic
MeOH composition, distances the T-x and T-y curves, and thus facilitates
the separation; Hence, the required reflux ratio is substantially reduced.

Effect of Number of Reactive Trays. As revealed in Table 13, at the
pressure of 0.8 bar, adding more reactive trays from 35 to 45 brings
about a marginal reduction (− 9.8 %) in energy consumption with fixed
stripping and rectifying trays, whereas reducing reactive trays from 35
to 30 significantly rises energy consumption from 12.34 to 13.46 MW
(+9%). For all the cases, high conversion of PC is achieved at> 99.97 %,
with the products losses and bottoms kept nearly constant. In all, the
optimized reactive trays can be still at 35.

Effect of Number of Stripping and Rectifying Trays. Like the case of
EC to DMC, Table 14 presents that the effects of stripping trays on the
energy consumption, products losses, and the bottoms flowrate is rather
insensitive, especially the stripping trays exceeding 15. Thus, the opti-
mized stripping trays is 15. Energy consumption is also quite insensitive
to the decreasing rectifying trays from the base 15 to 5, as demonstrated
in Table 15. The underlining reason for this phenomenon can be also
explained by using the temperature and composition profiles within the
PC RD column. The rectifying trays is optimized and reduced to be 10.
This is unsurprising that the separation of PC and MeOH-DMC azeotrope
is quite easier because of the quite larger difference in boiling point of
PC/MeOH than that of EG/MeOH.

Effect of Holdup on Reactive Trays. Table 16 shows this trend that
decreasing the reactive tray holdup from the base 47.6 to 10 m3 in-
creases energy consumption by 11.8 %, with the products losses and
bottoms constant. However, as the holdup continuously decreases to 2
m3, the energy consumption significantly increases and the conversion
of PC becomes lower than 99 % due to the insufficient liquid holdup to
achieve sufficient reaction extent on each tray. Thereafter, the PC con-
version can be maximized at 98.6 % at the optimized reflux ratio of 1.8
with significantly increased energy consumption of 19.62 MW.

Further decreasing the holdup to 1 m3, the PC conversion markedly
declines to 94.58 % with a soaring energy consumption of 23.72 MW,
indicating lots of the unreacted PC undesired escaping from the bottoms.
The DMC specification of the distillate can be loosened to low values
(0.25, 0.26 wt/wt) because low DMC formation rate at low holdup re-
quires little DMC being distillated. Thus, at the holdup of 1 m3, as shownTa
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Fig. 8. The influence of reflux ratio with various liquid holdup 5, 10, 50, and 500 mL on (a) PC conversion, (b) PC content in bottoms, (c)DMC content in distillate,
and (d)recovery of DMC generated at overhead pressure of 101.33 kPa and column pressure drop of 40 kPa.

Fig. 9. Scaled-up times of holdup per tray estimated.

Table 7
Effect of Pressure of EC transesterification RD.

Pressure
(bar)

Reboiler Heat Input
(MW)

Reflux Ratio
(kg/kg)

Reboiler
Ratio (kg/kg)

DMC in Bottoms
(kg/h)

EG in Distillate
(kg/h)

Bottoms
(kg/h)

1.1 9.12 0.35 2.53 44.93 3.82E-7 13943.66
1.0 7.75 0.17 2.12 0.01 1.19E-4 13914.90
0.9 9.62 0.45 2.60 0.01 1.01E-9 13914.90
0.8 11.12 0.68 2.98 0.01 1.96E-12 13914.90

Base design parameters: NT=60, NRX=30, NS=15, NR=15, VRX=13.4 m3.
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in Fig. 17, for each DMC specification of 0.31, 0.3, 0.29, 0.28, 0.27, 0.26
and 0.25 wt/wt, there exists an optimum reflux ratio (RR) that achieves
the highest PC conversion (XPC). Connecting these highest points gen-
erates reaction-separation boundary, where achieves perfect matching
of reaction and distillation and thus highest XPC. The left region is
defined as reaction-restricted region since the limited reaction in this
region requires relatively large reflux ratio to reflow the overhead
unreacted reactant within the column. In contrast, the right one is
defined as separation-restricted region since the limited distillation rate
in this region requires small reflux ratio to ensure timely removal of the
low-boiling product generated.

Considered that the diameter of the column is calculated around 3.5
m at the holdup of 2 m3, which requires around 208 mm liquid height on
each tray that is somewhat too high in spite of its low bottoms PC
content. There should existed a balance between the holdup and the
bottoms PC content that offers both a decreased holdup and a low bot-
toms PC content. The “Flowsheeting Options/Design Specs” function is
employed by varying the holdup to satisfy the bottoms PC content at
0.0056 wt/wt. Thus, the optimized holdup is reduced to 1.82 m3.

Fig. 18 reveals the variations of the difference between chemical
equilibrium constant Kcs and the theoretical Kc gradually enlarges as the
holdups decreases from 46.7 to 10 m3; Then the difference significantly
enlarges with decreasing holdup from 10 to 2 m3, at which the holdup

becomes insufficient for the PC to DMC reaction, elucidating why the PC
conversion markedly decreases. Further decreasing holdup from 2 to 1
m3 also markedly enlarges the difference. Fortunately, reducing the
DMC specification of the distillate at 0.25 wt/wt and properly increasing
the PC composition in the bottoms at 0.0056 wt/wt make the difference
(Kck − Kc) profile like that of the holdup of 2 m3. This adjustment alters
the composition profile and promotes the reaction, which provide
appropriate matching between the reaction and distillation processes.

4.3.2. Optimized PC RD design
The optimized RD design, as listed in Table 16 related to the case of

holdup of 1.82 m3 and shown in Fig. 19b, is quite different from the PC
RD column reported by Huang et al. [2]:

(1) Reduced operating pressure: The operating pressure is reduced
to 0.8 bar, rather than 1.0133 bar used by Huang et al.[2]. this
reduction both increases the azeotropic MeOH composition from
0.7 to 0.67 and facilitates the separation within the pinch zone.

(2) Lower bottoms PC content: The bottoms PC content is reduced
to only 0.0056 wt/wt, significantly lower than 0.0144 wt/wt
according to Huang et al. [2]. This reduction could avoid the
complex hydrolysis process downstream and reduces capital in-
vestment cost.

(3) High PC conversion: The PC conversion achieves > 99 % at the
expense of a quite higher holdup of 1.82 m3 for producing ~60
ktpy of DMC, compared to a tray liquid holdup of 150–200 L for
17 ktpy of DMC according to Huang et al. [2].

4.4. Economic and CO2 emissions comparison

Once the optimized designs of the RDs via the two DMC routes are
obtained as shown in Fig. 19, it is interesting and insightful to make a
comparison of the two DMC routes in terms of operating cost (OC), fixed
capital investment cost (FCI), and total annual cost (TAC). It is clearly
that the EC RD offers considerable reductions of 58.1 % in OC and 40.1
% in FCI compared with the PC RD, resulting a reduction of 53.2 % in
TAC as shown in Fig. 20a. These economic data suggests that the route of
EC to DMC is significantly superior to that of PC to DMC.

Under the global constraints of “carbon emission reduction” and
“carbon neutrality”, the energy consumption and carbon dioxide emis-
sions should be seriously compared under the global constraints of
“carbon emission reduction” and “carbon neutrality”. As shown in
Fig. 20b, the EC RD process has an energy consumption of only 29.3 GJ/
h corresponding to 1.9 t LPS/t DMC, which is around 57.8 % lower than
the consumption (69.6 GJ/h) of the PC RD corresponding to 4.5 t LPS/t
DMC. Similarly, the EC RD process (1.9 t/h) offers considerable CO2
emissions reduction by around 57 % compared with the PC RD process
does (4.4 t/h). Hence the EC to DMC is much more energy-efficient and
low-carbon route than that of PC to DMC route.

5. Conclusions

To quantitively assess the two RD processes, EC to DMC and PC to
DMC, and well elucidate the interplay between reaction and separation,
we conducted comprehensive comparison in terms of kinetic insights,
laboratory RD modelling and analyses, and scaled-up RD processes
involving operating cost, total annual cost, energy consumption and CO2
emissions.

For the EC to DMC RD process, with the calibrated kinetics by us, the
EC conversion achieves > 99.95 % at a reasonable low holdup of 1 m3,
avoiding the use of CSTR trains, as opposed to the laboratory experiment
by Fang et al.[24]. For the PC to DMC RD, the operating pressure was
reduced to 0.8 bar, different with 1.0133 bar by Huang et al.[2], which
eases the pinch-zone separation. The bottoms PC content is reduced to
only 0.0056 wt/wt, avoiding the complex hydrolysis process down-
stream. The PC conversion achieves > 99 % at the expense of a higher

Fig. 10. Rate constants k1+ and k1-, and chemical equilibrium constant Kc at
various temperatures by using the calibrated kinetics.

Fig. 11. Temperature profile within the reactive distillation column at
various pressures.
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Fig. 12. Chemical equilibrium constant Kcs based on staged concentration compared to the theoretical Kc according to our calibrated kinetics along the reactive trays
at various operating pressures.

Fig. 13. Composition profile within the reactive distillation column at various pressures: mass fraction of (a) DMC, (b) EC, (c) EG and (d) MeOH in the liquid.
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holdup of 1.82 m3 for producing ~60 ktpy of DMC, compared to a tray
liquid holdup of 150–200 L for 17 ktpy DMC by Huang et al [2]. The
interplay and control factors between reaction and separation are
elucidated and clarified via investigating variations of actual chemical
equilibrium constant profile compared with theoretical value profiles
along the reactive section at various pressures, liquid holdups, etc. The
comparison results reveal that the optimized EC RD process offers
almost 50 % reductions in both economy and CO2 emissions compared
to the PC RD process. Hence the EC to DMC RD process is much more
energy-efficient and low-carbon route than the PC to DMC RD process.
This work facilitates the carbon neutrality and provides a useful guide
for quantitatively selecting and retrofitting the two processes.

Considered the interplay between reaction and separation, dynamics

control of the process is necessarily studied for ensuring the economic
and CO2 emissions advantage. Meanwhile, research and development of
heterogeneous catalyst with sufficient reactivity over the traditional
homogeneous catalyst is necessary for avoiding the tricky separation of
catalyst.
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Table 8
Effect of Number of Reactive Trays of EC transesterification RDa.

NRX NT Reboiler Heat Input (MW) Reflux ratio (kg/kg) Boilup ratio (kg/kg) DMC in Bottoms (kg/h) EG in Distillate (kg/h) Bottoms (kg/h)

35 65 9.20 0.38 2.52 6.96E-3 3.74E-08 13914.89
32 62 8.74 0.31 2.39 6.96E-03 2.32E-07 13914.89
30 60 7.75 0.17 2.12 6.96E-03 1.19E-04 13914.90
28b 58 8.69 0.3 2.38 0.056 3.06E-07 13915.15

a : Other design parameters: NS=15, NR=15, VRX=13.4 m3, P=1 bar, dP=0.4 bar
b : The DMC specification in the bottoms cannot be achieved.

Table 9
Effect of Number of Stripping Trays of EC transesterification RDa.

NS NT Reboiler Heat Input (MW) Reflux ratio (kg/kg) Boilup ratio (kg/kg) DMC in Bottoms (kg/h) EG in Distillate (kg/h) Bottoms (kg/h)

20 65 7.62 0.15 2.08 6.96E-03 3.82E-04 13914.90
17 62 7.69 0.16 2.10 6.96E-03 2.07E-04 13914.90
15 60 7.75 0.17 2.12 6.96E-03 1.19E-04 13914.90
13 58 7.90 0.18 2.15 6.96E-03 5.04E-05 13914.90

a : Other design parameters: NRX=30, NR=15, VRX=13.4 m3, P=1 bar, dP=0.4 bar.

Table 10
Effect of Number of Rectifying Trays of EC transesterification RDa.

NR NT Reboiler Heat Input (MW) Reflux ratio (kg/kg) Boilup ratio (kg/kg) DMC in Bottoms (kg/h) EG in Distillate (kg/h) Bottoms (kg/h)

20b 65 8.01 0.2 2.19 0.016 1.04E-07 13914.90
17b 62 8.01 0.2 2.19 7.45E-03 2.05E-06 13914.90
15 60 7.75 0.17 2.12 6.96E-03 1.19E-04 13914.90
13b 58 8.73 0.3 2.40 11.7 4.87E-10 13966.69

a : Other design parameters: NRX=30, NS=15, VRX=13.4 m3, P=1 bar, dP=0.4 bar
b : The DMC specification in the bottoms cannot be achieved.

Table 11
Effect of Holdup on Reactive Trays of EC transesterification RDa.

VRX
(m3)

Reboiler Heat Input (MW) Reflux ratio (kg/kg) Boilup ratio (kg/kg) DMC in Bottoms (kg/h) EG in Distillate (kg/h) Bottoms (kg/h)

13.4 7.75 0.17 2.12 0.01 1.19E-04 13914.90
5.0 8.29 0.25 2.27 7.00E-3 2.30E-6 13914.90
1.0 8.12 0.22 2.22 7.00E-3 6.86E-6 13914.90
0.5b 8.01 0.2 2.19 0.01 0 13914.90

a : Other design parameters: NRX=30, NS=15, NR=15, P=1 bar, dP=0.4 bar
b : The DMC specification in the bottoms cannot be achieved.
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Fig. 14. Chemical equilibrium constant Kcs based on staged concentration compared to the theoretical Kc according to our calibrated kinetics along the reactive trays
at various holdups.

Table 12
Effect of Pressure of PC transesterification RDa.

Pressure
(bar)

Reboiler Heat Input (MW) Reflux ratio
(kg/kg)

Boilup ratio
(kg/kg)

DMC in Bottoms
(kg/h)

PG in Distillate
(kg/h)

Bottoms
(kg/h)

XPC
(%)

1.1 80.56 11.16 23.90 0.15 0 14825.00 99.99
1.0 25.66 2.71 7.59 0.15 0 14824.80 99.99
0.9 16.15 1.26 4.76 0.15 0 14825.50 99.99
0.8 12.34 0.69 3.62 0.15 0 14827.12 99.98

a : Base design parameters: NT=60, NRX=35, NS=15, NR=10, VRX=47.6 m3.

Fig. 15. Rate constants k2+ and k2-, and chemical equilibrium constant Kc at various temperatures by using kinetics from Zhang
et al. [23].
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Fig. 16. Chemical equilibrium constant based on staged concentration Kcs compared to the theoretical Kc according to the Zhang’s kinetics [23] along the reactive
trays at various operating pressures.

Table 13
Effect of Number of Reactive Trays of PC transesterification RDa.

NRX NT Reboiler Heat Input (MW) Reflux
ratio(kg/kg)

Boilup ratio(kg/kg) DMC in Bottoms(kg/h) PG in Distillate(kg/h) Bottoms(kg/h) XPC(%)

45 70 11.13 0.51 3.27 0.15 0 14825.86 99.98
40 65 11.62 0.58 3.41 0.15 0 14826.35 99.98
35 60 12.34 0.69 3.62 0.15 0 14827.12 99.98
30 55 13.46 0.85 3.95 0.15 0 14828.44 99.97

a : Other design parameters: NS=15, NR=10, VRX=47.6 m3, P=0.8 bar, dP=0.4 bar.

Table 14
Effect of Number of Stripping Trays of PC transesterification RDa.

Ns NT Reboiler Heat Input (MW) Reflux
ratio(kg/kg)

Boilup ratio(kg/kg) DMC in Bottoms(kg/h) PG in Distillate(kg/h) Bottoms(kg/h) XPC(%)

20 65 11.80 0.61 3.47 0.15 0 14829.96 99.97
15 60 12.34 0.69 3.62 0.15 0 14827.12 99.98
10 55 13.09 0.80 3.85 0.15 0 14824.99 99.99

a : Other design parameters: NRX=35, NR=10, VRX=47.6 m3, P=0.8 bar, dP=0.4 bar.

Table 15
Effect of Number of Rectifying Trays of PC transesterification RDa.

NR NT Reboiler Heat Input (MW) Reflux
ratio(kg/kg)

Boilup ratio(kg/kg) DMC in Bottoms(kg/h) PG in Distillate(kg/h) Bottoms(kg/h) XPC(%)

15 65 12.79 0.75 3.76 0.15 0 14827.30 99.98
10 60 12.34 0.69 3.62 0.15 0 14827.12 99.98
5 50 12.89 0.72 3.69 0.15 0 14824.92 99.99

a : Other design parameters: NRX=35, NS=15, VRX=47.6 m3, P=0.8 bar, dP=0.4 bar.

M. Xia et al. Separation and Puriϧcation Technology 356 (2025) 129745 

18 



Table 16
Effect of Holdup on Reactive Trays of PC transesterification RDa.

VRX
(m3)

Reboiler Heat Input (MW) Reflux ratio (kg/kg) Boilup ratio (kg/kg) DMC in Bottoms(kg/h) PG in Distillate(kg/h) Bottoms(kg/h) XPC(%)

47.6 12.34 0.69 3.62 0.15 0 14827.12 99.98
20 12.82 0.76 3.76 0.15 0 14828.40 99.975
10 13.79 0.90 4.05 0.15 0 14831.10 99.965
2 19.62 1.8 5.59 1.05 0 15208.70 98.6
1.82b 19.34 1.5 6.86 18.25 0 12912.2 99.15
1c 22.72 2.5 5.69 192.05 0 17048.10 94.58

a : Other design parameters: NRX=35, NS=15, NR=10, P=0.8 bar, dP=0.4 bar, VRX is varied
b : the optimized holdup with the DMC specification of the distillate reduced at 0.25 wt/wt and the PC specification of the bottoms increased at 0.0056 wt/wt; c: the

DMC specification in the bottoms cannot be achieved with the initial two-end specifications.

Fig. 17. Influences of reflux ratio on PC conversion at various distillate DMC specifications at a holdup of 1 m3.
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Fig. 18. Chemical equilibrium constant Kcs based on staged concentration compared to the theoretical Kc according to the Zhang’s kinetics [23] at various holdups.

Fig. 19. Processes flowsheet diagram of the reactive distillation via the two routes: (a) ethylene carbonate transesterification, and (b) propylene carbonate
transesterification.
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