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Summary 

 

Sesquiterpenes are a versatile group of 15-carbon molecules, traditionally extracted 

from plants for diverse applications ranging from fuels to fine chemicals and pharmaceuticals. 

Scarcity of natural resources and emergence of new applications have encouraged the 

development of sustainable solutions to produce sesquiterpenes. The recent development of 

engineered microbial strains able to produce and secrete sesquiterpenes reaching fermentation 

titres in the order of g per L, is a promising alternative to produce diesel-like biofuels from 

renewable biomass sources, like sugar cane bagasse. The most attractive aspect of sesquiterpene 

fermentations is that the extracellular product readily forms an oil phase separated from the 

aqueous fermentation broth in the reactor. The difference of densities between the aqueous 

broth and the light product phase opens the opportunity of integrating cost-efficient separation 

techniques (e.g. gravity separation, hydro-cyclones) with the reactor. This scenario could 

contribute to significantly lowering equipment and utility costs as well as reducing cost of raw 

materials by allowing for cell recycling. The scale-up of sesquiterpene fermentations has 

unveiled processing challenges that were not prominently present at laboratory scale.  

Surface active components present in the fermentation medium can interact with the oil-

water interface stabilizing the product in an emulsion of small droplets. In chapter 2 of this 

thesis it was studied the feasibility of integrating gravity separation and microbial production 

of sesquiterpenes in a bubble column reactor at different reactor volumes and aspect ratios. A 

regime analysis was performed to identify possible windows of operation where droplet growth 

by coalescence and droplet creaming is promoted over emulsification and back-mixing of small 

droplets. Although lab scale conditions can promote droplet creaming over mixing, the 

integration of production and separation at large scale might only be achieved in a reactor in 

which two sections with different process conditions (especially superficial gas velocity) are 

combined. 

At laboratory scale, solvents are often employed in sesquiterpene fermentations for 

reducing product evaporation and enhancing recovery by increasing the concentration of oil 

phase. The current state of the art at large scale uses surfactants to recover the emulsified 

product. Chapter 3 presents a techno-economic assessment of the use of solvents at scales 

typical of flavor and fragrances (25 MT y-1) and fuel market (25000 MT y-1) compared to the 
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current state of the art. It also addresses the problematic of product evaporation, and how the 

presence of a solvent could help to reduce the loss of product in the off-gas. Based on empirical 

correlations, mass transfer, and process flow sheeting models, the assessment concluded that 

although the use of solvents did reduce sesquiterpene evaporation rate during fermentation and 

improved product recovery, it resulted in higher or similar cost than the base case due to the 

additional equipment cost for solvent-product separation. However, when selecting solvents 

compatible with the final product formulation (e.g. in a kerosene enrichment process), unit costs 

as low as 0.7 $ kg-1 can be achieved while decreasing environmental impact. 

In fermentations where a hydrophobic liquid is produced and/or solvent is added for 

in situ product removal, the interaction of droplets and gas bubbles can generate additional 

oxygen transfer routes across the oil phase. Complementing the techno-economic assessment 

presented in chapter 3, the mechanisms of oxygen transfer in sesquiterpene fermentations and 

the use of solvents as oxygen vector were studied in chapter 4. The enhancement of oxygen 

transfer coefficient Lk a in fermentations with wild-type and sesquiterpene-producing 

Escherichia coli at varying oil fractions of hexadecane and dodecane was dependent on the 

transfer route and decreased along the fermentation age. Contrary to literature results, Lk a

trends were not correlated to changes in power input, oil fraction, or cell concentration, but 

could be explained by reduced bubble-droplet and droplet-droplet interactions due to droplet 

stabilization. For the first time, it was evidenced that surface active components present in the 

fermentation broth can limit the impact of oxygen vectors in Lk aenhancement, bringing a new 

perspective on oxygen transfer in multiphase fermentations. 

Chapter 5 studies the integration of a fermentation with a gas enhanced oil recovery 

technology developed within the TU Delft Initiative Delft Integrated Column Reactor project 

(DIRC), and in collaboration with the start-up Delft Advanced Biorenewables (DAB, 

www.DelftAB.com), the BE-Basic Foundation, and the Bioprocess Pilot Facility 

(www.BPF.eu). Cell growth, cell viability, concentration of SACs and emulsion stability were 

measured in fed batch fermentations performed in a 2 L reactor and in fed batch fermentations 

performed in the same reactor while connected to a 500 mL aerated column. The bubble column 

was successfully integrated with the reactor during 24 h without affecting cell growth or cell 

viability. However, higher levels of surfactants and emulsion stability were measured in the 

integrated system compared to the base case, reducing its capacity for oil recovery. This 

highlights the fact that increased levels of SACs due to cellular stress must be considered when 
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tuning the column parameters (e.g., geometry, gas flow) for improving oil recovery. The study 

presented in this chapter concluded that gas induced recovery is a promising option for 

integrated recovery in multiphase fermentations, allowing for oil separation and cell recycling 

without compromising fermentation performance.  
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Sammenvatting 

 

Sesquiterpenen zijn een veelzijdig groep van moleculen met15 koolstofatomen, die 

traditioneel uit planten worden geëxtraheerd. Deze moleculen hebben diverse toepassingen 

zoals brandstoffen, hoogwaardige chemicaliën en geneesmiddelen. De schaarste van natuurlijke 

bronnen en de opkomst van nieuwe toepassingen hebben de ontwikkeling van duurzame 

productiemethoden voor sesquiterpenes in gang gezet. Recent ontwikkelde genetisch 

gemodificeerde micro-organismen die sesquiterpenen kunnen produceren en uitscheiden, met 

fermentatie concentraties in de orde van grammen per liter, zijn een veelbelovend alternatief 

om geavanceerde biobrandstoffen te produceren uit hernieuwbare bronnen zoals suikerriet 

bagasse. Het belangrijkste aspect van deze sesquiterpeen fermentaties is dat het product door 

de micro-organismen wordt uitgescheiden en meteen een oliefase vormt bovenop de waterfase 

in de reactor. Het verschil in dichtheid tussen de waterfase en de oliefase maakt het mogelijk 

om kostenefficiënte scheidingstechnieken (e.g. zwaartekracht scheiding, hydrocyclonen) te 

integreren in de reactor zelf. Dit scenario kan zowel bijdragen aan significant lagere aanschaf- 

en operationele kosten van de benodigde apparatuur, als aan het verminderen van kosten voor 

grondstoffen door hergebruik van de microbiële cellen mogelijk te maken. Tijdens het 

opschalen van de sesquiterpeen fermentaties kwamen uitdagingen voor het productieproces op 

grote schaal aan het licht die niet nadrukkelijk aanwezig waren op laboratoriumschaal.  

Oppervlakte actieve stoffen die in het fermentatiebeslag aanwezig zijn kunnen door 

interactie met de grenslaag tussen olie en water het product stabiliseren in een emulsie van 

kleine druppels. In hoofdstuk 2 van dit proefschrift is onderzocht of het haalbaar is om de 

scheiding met behulp van zwaartekracht en microbiële productie van sesquiterpenen te 

integreren in een bellenkolom reactor. Een regime analyse is uitgevoerd om het effect van 

reactor geometrie (volume, aspect ratio) en procescondities (superficiële gassnelheid) op 

verschillende subrocessen te bestuderen en zo een windows of operation te identificeren waarbij 

coalescentie van de oliedruppels en het rijzen van de oliedruppels wordt bevorderd ten opzichte 

van emulsificatie en mengen van de kleine druppels. Hoewel de condities op 

laboratoriumschaal gunstiger kunnen zijn voor rijzen van de druppels dan voor het doormengen, 

kan op grote schaal de integratie van productie en scheiding alleen worden gerealiseerd in een 

reactor waarin twee secties met verschillende procesomstandigheden (met name de superficiële 

gas snelheid) worden gecombineerd. 
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Op laboratoriumschaal worden vaak oplosmiddelen gebruikt om verdamping van de 

sesquiterpenen te verminderen en de scheiding het product te verbeteren door de concentratie 

van de oliefase te vergroten. De huidige technologie gebruikt op fabrieksschaal oppervlakte-

actieve stoffen om het geëmulsificeerde product terug te winnen. Hoofdstuk 3 introduceert een 

techno-economisch analyse van het gebruik van oplosmiddelen op productieschalen die typisch 

zijn voor smaak- en geurstoffen (25 Mt/y) en de brandstofmarkt (25000 Mt/y), in vergelijking 

met de meest moderne technologie. Ook komt in deze analyse de problematiek van de 

verdamping van het product aan de orde en hoe de aanwezigheid van een oplosmiddel kan 

helpen om het verlies aan product door verdamping te verminderen. Gebaseerd op empirische 

correlaties, massatransport en process flow sheeting modellen, toonde de analyse aan dat het 

gebruik van oplosmiddelen de verdampingsnelheid van sesquiterpenen tijdens de fermentatie 

verminderd en de product recovery verbeterd. Echter, het gebruik van oplosmiddelen 

resulteerde in gelijke of hogere kosten in vergelijking met de standaardmethode, vanwege extra 

kosten voor onderdelen om het product weer van het oplosmiddel te scheiden. Wanneer 

oplosmiddelen worden geselecteerd die compatibel zijn met het uiteindelijke product (e.g. een 

kerosine verrijkingsproces), kan het gebruik van een oplosmiddel toch toegevoegde waarde 

hebben en kan het de productkosten omlaag brengen naar 0.7 $ kg-1 terwijl de impact op het 

milieu daalt. 

In fermentaties waar een hydrofobe vloeistof wordt geproduceerd en/of als oplosmiddel 

is toegevoegd om het product in-situ te verwijderen, kan de interactie tussen druppels en 

gasbellen extra zuurstof-overdrachtsroutes door de oliefase genereren. Ter aanvulling van de 

techno-economische analyse van hoofdstuk 3, zijn de mechanismen van zuurstof-overdracht in 

sesquiterpeen fermentaties en het gebruik van oplosmiddelen als zuurstofvector bestudeerd in 

hoofdstuk 4. De verbetering van de zuurstofoverdrachtscoëfficient (kLa) in fermentaties met de 

veldstam en de sesquiterpeen producerende Escherichia coli bij verschillende oliefracties van 

hexadecaan en dodecaan was afhankelijk van de overdrachtsroute en verminderde naarmate de 

fermentatietijd toenam. In tegenstelling tot de resultaten uit de literatuur zijn de kLa trends niet 

gecorreleerd aan veranderingen in de vermogenstoevoer, oliefractie of cel concentratie, maar 

kon de verbetering worden verklaard door verminderde gasbel-druppel en druppel-druppel 

interacties vanwege de stabilisatie van druppels. Voor de eerste keer is bewezen dat 

oppervlakte-actieve stoffen die in de fermentatievloeistof aanwezig zijn de impact van 

zuurstofvectoren in de verbetering van kLa kan limiteren, wat een nieuw perspectief biedt op 

zuurstofoverdracht bij meerfase-fermentaties.  
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Hoofdstuk 5 bestudeert de integratie van een fermentatie met een ‘gas-enhanced’ 

oliescheiding technologie, ontwikkeld binnen het TU Delft Initiative Delft Integrated Recovery 

Column (DIRC) en in samenwerking met de startup Delft Advanced Biorenewables (DAB, 

www.DelftAB.com), de BE-Basic Foundation, en de Bioprocess Pilot Facility (www.BPF.eu). 

Het effect van de integratie op verschillende procesvariabelen (celgroei, levensvatbaarheid van 

de cellen, concentratie van oppervlakte actieve stoffen en stabiliteit van de emulsie) is 

onderzocht in fed-batch fermentaties, uitgevoerd in een 2L reactor, en in een geïntegreerde 

opstelling, waarin dezelfde reactor verbonden was met een 500 mL bellenkolom. Het 

geïntegreerde system heeft met succes 24 uur lang geopereerd, zonder celgroei of 

levensvatbaarheid van de cellen te beïnvloeden. Echter, in het geïntegreerde systeem is een 

hoger niveau van oppervlakte-actieve stoffen en emulsiestabiliteit gemeten ten opzichte van de 

standaardopstelling, wat de capaciteit voor oliescheiding vermindert. Dit laat zien dat 

procesconfiguratie en -condities (e.g. geometrie, gasstroom) voor verhoogde niveaus van 

oppervlakte actieve stoffen kunnen zorgen, vanwege cellulaire stress, en dat er een optimalisatie 

stap nodig is om deze negatieve invloed te minimaliseren. De resultaten uit dit hoofdstuk laten 

zien dat gas-geïnduceerde scheiding een veelbelovende optie is voor geïntegreerde scheiding 

in fermentaties met meerdere fasen, wat het mogelijk maakt om olie te scheiden en de cellen te 

hergebruiken, zonder de fermentatie negatief te beïnvloeden.  
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Chapter 1. General introduction 

 

Sesquiterpenes are a family of hydrocarbons with the formula C15H24, produced in plants 

and microorganisms from their precursor isoprene. With more than 300 molecular structures 

identified, sesquiterpenes constitute a rich source of biomaterials. Some of their applications 

can be traced back to folk traditions where they were extracted from plants. For example, 

artemisinin extracted from Artemisia annua was used in Chinese medicine as antimalarial drug 

[1]; hernandulcin obtained from Lippia dulcis was used as sweetener in Aztec tradition [2]; the 

extraction of valencene from orange peel for its use as flavour; or the use of sandalwood oil as 

fragrance obtained from Santalum album in India [3]. The portfolio of applications has largely 

increased the last years (e.g., cancer treatment, agriculture, flavours, fragrances, cosmetics, 

lubricants and drop-in biofuels [4-9]). However, traditional methods based on plant extraction 

are not suitable for a sustainable production. The low production yields 

(e.g., 0.2 hA - land kg- 1- artemisinin [10], 1 kton-oranges kg-1-valencene [11]) have led to a 

shortage of natural resources [12]. Consequently, product prices have increased reaching levels 

of 100 to 1000 EUR kg-1 [13]. In cases such as the production of the antimalarial drug 

artemisinin, the high demand cannot be satisfied only from the oil produced by the plants and 

new alternatives are needed. The microbial production of sesquiterpenes via fermentation from 

renewable biomass sources, like sugar cane bagasse, constitutes a sustainable solution for the 

supply of these materials. Furthermore, it opens the opportunity for new applications, like their 

use as precursor for diesel-like biofuels. 

1. State of the art in microbial production of sesquiterpenes 

Sesquiterpenes are produced via the terpenoid pathway wherein the C5 molecule 

isopentenyl pyrophosphate (IPP) and its isomer dimethylallyl diphosphate (DMAPP) are used 

as a carbon building block to produce terpenes of different length, all of them precursors of 

valuable industrial products like isoprene (C5), menthol (C10), taxol (C20), and carotenes 

(C40) (Figure 1). 
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Figure 1. Overview of the terpenoid pathway whereby sesquiterpenes are produced in organisms. 

Blue circles indicate isopentenyl units (C5) used as carbon building blocks. Example of relevant 

molecules produced via this pathway are given. Eukaryotes, archaea, and a few eubacteria 

synthesize IPP and DMAPP from acetyl-coA via the MVA pathway. Eubacteria, cyanobacteria, 

green algae, apicomplexan parasites, and higher plants synthesize IPP and DMAPP from 

pyruvate and glyceraldehyde-3-phosphaste via the MEP pathway. MVA: mevalonic acid, MEP: 

methylerythritol phosphate IPP: Isopenthenyl diphosphate, GPP Geranyl diphosphate, FPP: 

Farnesyl diphosphate. 

Following this pathway, sesquiterpene production can be divided in three sections: (i) 

production of C5 precursors IPP and DMAPP; (ii) addition of two units of IPP to one of 

DMAPP; and (iii) conversion of FPP into the target sesquiterpene by its corresponding 

sesquiterpene synthase. 

The C5 precursors IPP and DMAPP can be synthesized by different routes depending 

on the considered organism. The mevalonate (MVA) pathway is present in eukaryotes, archaea, 

and a few eubacteria [14, 15], and synthesize IPP and DMAPP from acetyl-coA. On the other 

hand, the methylerythritol 4-phosphate pathway (MEP) is present in eubacteria, cyanobacteria, 

green algae, apicomplexan parasites, and plastids of higher plants [16, 17], and synthesize IPP 

and DMAPP from pyruvate and glyceraldehyde-3-phosphate. 
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Genetically engineered microbial strains can produce and secrete sesquiterpenes 

reaching titres in the order of g per L [18-20]. The target sesquiterpene can be overproduced in 

yeast and bacteria by (i) overproducing the precursor FPP (e.g., by improving the 

microorganism native pathway leading to FPP, or by inserting a heterologous one) and (ii) 

expressing heterologous sesquiterpene synthase genes obtained from plant cDNA. Due to the 

high regulation of endogenous MEP pathway in bacteria, and the low productivity achieved so 

far in yeast by MEP [21], the most promising options are endogenous MVA pathway in yeast 

(e.g. Saccharomyces cerevisiae) and heterologous MVA pathway in bacteria (e.g. Escherichia 

coli). Several improvements have been done in the MVA pathway by overexpression of key 

enzymes, and by repressing or downregulating genes involved in secondary routes (e.g., 

farnesol, squalene). In addition, sesquiterpene production can also be improved by regulating 

genes outside the MVA pathway; for example, by enhancing the supply of acetyl-CoA to the 

mevalonate pathway [22], or by enhancing the availability of cytosolic NADPH, required by 

key enzymes [23]. In addition to the results published using S. cerevisiae and E. coli as 

producing hosts, some alternative microorganisms able to convert lignocellulosic material are 

being studied [24]. 

The improvements in the metabolic pathway allowed to increase theoretical yields from 

0.2 g g-glucose-1 to 0.3 g g-glucose-1 [20]. Also experimental yields have risen from values of 

< 0.1 g g-glucose-1 [19] to > 0.2 g g-glucose-1 [20], closer to the maximum theoretical yield.  

This is reflected in an increase in production titres in the last years (Table 1). In addition, fed-

batch operation in large reactors allow for higher cell densities compared to laboratory shake 

flask. As a result, increasing titres up to 120 g L-1 have been reported.  The recovery of the 

produced sesquiterpene from the fermentation broth should be, in principle, rather 

straightforward. Sesquiterpenes are extracellular hydrophobic molecules with lower density 

than water and thus, they form a light liquid phase (hereafter named as oil phase) in the 

fermentation broth. This oil phase is dispersed as droplets due to the mixing in the reactor. 

Ideally the droplets can collide and coalesce increasing their size. When they are large enough 

they rise due to buoyancy forces (mechanism called creaming) where they can further coalesce 

forming a clear oil layer on top of the reactor readily separated from the aqueous phase. Several 

companies, like Amyris, Firmenich, Evolva, Allylix, and Isobionics have seen potential in the 

microbial production of sesquiterpenes. Most of them are already in the stage of commercial 

scale production in fed-batch fermentations (Table 2). 
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Table 1. Examples of titres and yields for sesquiterpene and sesquiterpenoid production 

achieved in E. coli and S. cerevisiae in batch and fed-batch fermentations 

Producing organism: Escherichia coli 

Product Titre (g L -1) Yield (g g-cell-1) Reference 

Amorphadiene 0.3 0.1a [25] 

Amorphadiene 27.4 0.3 [18] 

Amorphadiene 0.5 0.4a [26] 

Amorphadiene 0.7 0.4a [27] 

Producing organism: Saccharomyces cerevisiae 

Product Titre (g L -1) Yield (g g-cell-1) Reference 

- 0.1 0.03b [28] 

Artemisinic acid 1.0 - [29] 

Amorphadiene 40 0.50 c [19] 

Santalene 0.1 - [30] 

Farnesene 120 - [20] 

a) assuming 0.35 g L-1 of cells per unit of optical density (OD); b) assuming 0.4 g L-1 of cells per unit 

of optical density (OD); c) Using ethanol as substrate; d) Using glycerol as substrate. 

 

Table 2. Main companies involved in the microbial production of sesquiterpenes 

Company Sesquiterpene Titre (g L -1) a Application Reference 

Amyris Farnesene, 
squalene, 
amorphadiene. 
 

120 Biofuels, 
lubricants, 
pharmaceuticals 

[20, 31] 

Firmenich Santalene, 
valencene 
 

0.1 Flavours and 
fragrances 

[32] 

Evolva/ 
Allylix b 

Valencene, 
nootkatone 
 

- Flavours and 
fragrances 

- 

Isobionics Valencene, 
nootkatone, 
elemene, 
bisabolene 

0.2 Flavours and 
fragrances 

[33] 

a) Highest titre reported in literature; b) Acquired by Evolva in 2014 
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2. Challenges in large scale production of sesquiterpenes 

The scale-up of the production process of sesquiterpenes has unveiled challenges that 

were not prominently present at laboratory scale. Surface active components (e.g., salts, 

glycolipids, proteins, cells and cells debris) present in the fermentation medium can interact 

with the oil-water interface [34]. As a result, the product remains dispersed in a stable emulsion 

of small droplets (Figure 2).  

  

Figure 2. Schematic representation of emulsification of product droplets by the presence of surface 

active components. 

Methods to recover sesquiterpenes from such emulsions differ by process scale. The 

strategy reported in laboratory scale protocols is to promote oil coalescence by adding two 

volumes of a solvent (e.g. methyl-tert-butyl ether, ethyl-acetate, or heptane) to one volume of 

sample [30, 35]. Oil phase containing solvent and product is recovered afterwards by 

centrifugation. At large scale, the emulsion is separated first from the aqueous medium by 

centrifugation. Afterwards, non-ionic surfactants are added to the emulsion and their 

hydrophobicity is modified by increasing and decreasing the temperature of the mixture. This 

switch of temperatures inverts the o/w emulsion into a emulsion of water droplets in oil [36] 

(Figure 3). Finally, the remaining water is eliminated by centrifugation. In the case of biofuel 

production, additional hydrogenation is required to saturate the double bonds of farnesene to 

yield the hydrocarbon farnesene. The presence of the surfactants in the product might 

compromise required product purity (e.g. 92% to 94% purity for cosmetics [8]), and 

consequently further purification steps might be required (e.g. distillation [37]).  
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Figure 3. Block scheme of the (reported) process at large scale for the recovery of microbial 

sesquiterpene [36]. 

Another aspect that should be considered in the scale-up of the microbial production of 

sesquiterpenes is that they are relatively volatile molecules (vapour pressure at 25°C between 

3 and 8 Pa predicted by US Environmental Protection Agency’s EPISuite™). Evaporation rates 

in the order g L-1 have been reported in laboratory studies [25], which could imply product 

losses in the order of kg h-1 at large scale. A common solution is extracting sesquiterpenes with 

10−20% v/v of a relatively low volatile organic solvent, like decane or dodecane (referred to as 

solvent overlay in laboratory protocols) [23, 25, 30, 32, 35]. Surprisingly, this practice 

extensively used in sesquiterpene laboratory studies, is rarely described at large scale [38]. 

Reported physical properties of sesquiterpenes are scarce (see for example [39] and the actual 

impact of evaporation and the applicability of solvents at production scale is unknown. 

Finally, the transfer of oxygen from the air bubbles to the fermentation medium is 

typically a limiting factor in the scale-up of aerobic fermentations [40]. In multiphase systems 

the oil droplets can interact with the surface of gas bubbles. This alters the oxygen transfer 

mechanisms increasing the complexity of the scale-up problem. Although there is extensive 

literature on oxygen transfer in multiphasic systems, results are often contradictory [41, 42].  

The issues presented above have a direct impact in the process cost, and the product 

price. This is of especial importance in markets, like biofuels, where tight economic margins 

are imposed by the low prices of the fossil-based fuels. The aim of this thesis is addressing and 

quantifying these challenges to improve product recovery at large scale, while reducing the 
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process production cost (Table 3). By identifying and characterizing the key mechanisms 

involved in microbial sesquiterpene process, reactor design and operational parameters can be 

selected to promote coalescence and creaming of the oil phase. A low-cost technology 

(e.g.  hydrocyclon, or gravity settling) could be implemented afterwards to recover the product. 

In addition, the selected recovery technology should allow for cell recycling to reduce the 

substrate consumption to grow mass of cells in the reactor. Within the TU Delft Initiative Delft 

Integrated Column Reactor project (DIRC), and in collaboration with the start-up Delft 

Advanced Biorenewables (DAB, www.DelftAB.com), the BE-Basic Foundation, and the 

Bioprocess Pilot Facility (www.BPF.eu), a gas enhanced oil recovery technology has been 

developed. This technology consists of promoting oil droplets coalescence into a continuous oil 

layer by sparging gas through the emulsion. By implementing gas enhance oil recovery less 

separation steps might be required. Also, the use of chemicals is avoided, reducing the 

environmental impact and improving product quality. This thesis makes a step forward in the 

study of how this technology can be integrated for in-situ product recovery during the 

fermentation to achieve product separation while allowing for cell recycle.  

In first place, a regime analysis at different scales is presented in chapter 2 to identify 

possible windows of operation where droplet creaming is promoted in a bubble column. Next, 

chapter 3 studies the possibility of using solvents at large scale to increase oil phase 

concentration and promote the coalescence of the stabilized oil droplets. In addition, it 

addresses the problematic of product evaporation, and how the presence of a solvent could help 

to reduce the loss of product in the off-gas. Chapter 4 studies the mechanisms of oxygen 

transfer in sesquiterpene fermentation and the use of solvents as oxygen vector. Chapter 5 

studies the integration of gas enhanced oil recovery technology into a fermentation. 

Furthermore, it investigates the interaction of surface active components and emulsification and 

the impact of oxygen limitation in the increase of surface active components and cell stress. 

Finally, chapter 6 summarizes the main conclusions and the outlook of this thesis. 
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Table 3. Challenges addressed in this thesis 

Chapter Challenge Conclusion 

2 Integration of production and 

gravity settling in reactor 

There is no operational window that allows for production 

and recovery in the same compartment. 

3 Use solvents at large scale to 

reduce evaporation and 

promote recovery 

Loss of sesquiterpenes due to evaporation is aggravated 

at large scale. When solvents are compatible with product 

formulation (e.g. use of diesel in the production of 

farnesene for jet-fuel) it is techno-economically feasible 

to use them to reduce evaporation and promote product 

recovery at large scale. 

4 Interaction of the oil phase 

with oxygen transfer in a 

multiphase fermentation. 

Oxygen transfer route prevalent in a multiphase system is 

affected by the o/w interface properties. Enhancement of 

oxygen transfer due to oil droplets acting as vectors is 

limited by oil phase emulsification. 

5 Integration of production and 

gas enhanced oil recovery in 

reactor. 

It is feasible to integrate gas enhanced oil recovery to a 

fermentation. 
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Chapter 2. Regime analysis for integrated product recovery in microbial 

advanced biofuels production 

 

 

Abstract 

 

One of the recent achievements in biofuel research is the development of 

microorganisms that produce advanced biofuels. These biofuels form a second liquid phase 

during fermentation, which creates the opportunity for low cost product separation based on the 

density difference with the fermentation medium. Integrating product removal and fermentation 

could contribute to lower equipment and utility costs and it might also enable the recycling of 

cells. In this paper, the feasibility of gravity separation integrated with biofuel production in a 

bubble column reactor is studied, using a regime analysis approach. The two crucial 

subprocesses are droplet coalescence and droplet creaming, but these are hindered by 

competing subprocesses: emulsification and mixing, respectively. The regime analysis showed 

that a multi-compartment reactor design is required to benefit from the advantages of 

integration: cell reuse, lower equipment costs, and easier separation. 
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1. Introduction 

In the search for better biofuels, biotech companies such as REG Life Sciences and 

Amyris have developed microorganisms that are capable of converting sugars to long-chain 

hydrocarbon biofuels, also named advanced or drop-in biofuels, using metabolic engineering 

and synthetic biology [1-4]. These developments are especially relevant for jet fuels, since there 

are no technical renewable alternatives for airplanes. The biofuels currently produced at 

commercial scale, ethanol and biodiesel (transesterified lipids) produced from vegetable oils 

and fats, are either unsuitable as jet fuel and/or limited by feedstock availability. Target 

production costs for long-chain hydrocarbons of around $0.60 L-1 have been mentioned to make 

these biofuels an alternative for conventional fuels [4], but selling prices of $7.7 L-1 were 

recently reported [5]. In order to lower their production costs, a combination of process 

improvements is required: a) use of a low cost feedstock, b) enabling anaerobic fermentation to 

maximise product yield on substrate and to avoid aeration related investments and energy cost, 

c) implementing cell reuse, and d) developing low cost fermentation and product recovery 

technology [6]. 

The microbial production of advanced biofuels consists of a fermentation in which the 

microorganism converts substrate to biofuel and secretes it into the fermentation broth [7], 

resulting in a four phase mixture consisting of hydrocarbon product (oil) droplets, aqueous 

fermentation broth, microbial cells, and (fermentation) gas bubbles. Although not much has 

been reported about the secretion mechanism, the initial size of the oil droplets after secretion 

can be expected to be at most in the same order of magnitude as the cells (~1 µm). The recovery 

of the oil droplets follows then three steps: droplet growth by coalescence, phase separation − 

also named creaming − induced by the density difference, and further coalescence of droplets 

into a continuous oil phase [8]. 

In a fermentation process, a wide range of surface active components (SACs) can be 

present, originating from cells and feedstock [8]. In fact, product droplet stabilisation has been 

reported in the production of advanced biofuels [9]. The presence of SACs could hinder the 

coalescence process, preventing droplet growth and leading to product emulsification. 

The droplet size that is reached after the first coalescence step, determines the options 

for the phase separation method. Gravity separation is the most simple and cost effective 

method to induce creaming, but large droplets are required because the separation is driven by 

only the gravitational force. Enhanced gravity methods (e.g., centrifugation and hydrocyclones) 
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are capable of separating smaller droplets, but these methods are more expensive. Therefore, 

we will focus on the application of gravity separation.  

Next to applying gravity separation, the process costs could be further decreased by 

integration of product separation with fermentative production in a single unit, potentially 

decreasing equipment costs. Many large scale fermentation processes are performed in bubble 

column bioreactors, in which the bubbles (either sparged air in the current aerobic process or 

gas produced by the microorganisms in an anaerobic case) provide mixing and hence, no 

mechanical power input is required. This reduces the operating costs and is therefore regarded 

as the most suitable bioreactor type for large scale production of drop-in biofuels [10]. 

Integration of the production and separation may have further advantages such as enabling cell 

reuse and continuous process operation.  

Whether product separation can be integrated in a bubble column bioreactor is 

dependent on the operating conditions. In this paper, the possibility of integrating gravity 

separation and fermentation into a single piece of equipment is studied by a regime analysis, 

which takes the effects of operating conditions and scale into account.  

 

2. Regime analysis 

2.1. Concept 

Regime analysis is a tool that compares the rates of the different mechanisms involved 

in a process in order to identify the rate-limiting one. The method divides the overall process in 

a sequence of steps, or subprocesses, and compares their rates. The subprocess rates are 

represented as characteristic times, which indicate the time required by a mechanism to smooth 

out a change [11]. The rates are inversely proportional to their characteristic times, so a 

subprocess with a low rate has a large characteristic time. One subprocess is considered faster 

than the other when its characteristic time is at least one order of magnitude lower [11]. This 

comparison is done in terms of order of magnitude, since correlations used to determine 

characteristic times also yield an order of magnitude estimation of these. The subprocess with 

the largest characteristic time is the rate-limiting one, determining over-all process rate and the 

regime in which the process operates [12]. By assessing effect of reactor size on the 

characteristic times, the scale dependency of the process can be determined.  
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Several scale-up/scale-down studies in literature have used regime analysis as a tool for 

assessing scale effects, applying it for a variety of processes: gluconic acid production [13], 

microbial desulfurisation [14], butanol production [15], baker’s yeast production [11] and, more 

recently, Baeyer–Villiger bioconversion of ketones [16, 17] and production of 

biopharmaceutical proteins [18]. To achieve similar process performance when moving from 

lab to large scale, the regime should be the same on both scales [12]. Regime analysis can be 

used to determine if a regime change will take place when the scale of the process is increased.  

2.2. Subprocess sequence definition 

The first step in a regime analysis is to list the subprocesses in the production system, 

which leads to the simplified sequence of subprocesses shown in Figure 1. The microbial 

production of advanced biofuel starts with the substrate, which is fed to the reactor and mixed 

in the fermentation broth (1). Microorganisms take the substrate (2), convert the substrate to 

biofuel (3) and secrete it (4). The recovery of the biofuel begins with small product droplets 

that grow by coalescence (5). When they reach a critical size, the droplets cream (6) and finally 

they can form a continuous oil phase on top of the reactor (7).  

For conventional fermentation processes, mixing, heat removal, and oxygen transfer are 

generally considered the rate-limiting subprocesses [19]. In this paper, we will focus the regime 

analysis on the integration of product separation with its microbial production, which will result 

in additional subprocesses that have to be evaluated. SACs produced by the microorganisms 

(e.g., proteins) can stabilise the oil droplets hindering coalescence and leading to product 

emulsification. In addition, mixing in the reactor (1) competes with the creaming of the droplets 

(6) preventing the formation of a continuous oil phase. Because we focus on the integration of 

the separation process, we take the subprocesses related to the microorganisms not to be 

limiting. 

In this study, different process parameters influencing droplet coalescence, droplet 

creaming, mixing, and adsorption of SACSs are assessed by a regime analysis. Integration is 

considered feasible at operating conditions in which characteristic times of coalescence (coaτ ) 

and creaming (crmτ ) are one order of magnitude lower than the characteristic times of 

adsorption of SACs (adsτ ) and mixing ( mixτ ), respectively: 

 10coa adsτ τ< ⋅  (1) 
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 10crm mixτ τ< ⋅  (2) 

Next step is expressing these characteristic times as a function of different process 

parameters. A single process parameter can influence multiple characteristic times. For 

example, the volumetric power input in the reactor influences the characteristic times of mixing, 

coalescence, and SAC adsorption, as will be shown in the following paragraphs. 

 

 

 

 

Figure 1. Schematic presentation of the subprocesses involved in the microbial production (left) 

and separation (right) of biofuel. Interactions resulting from the integration are represented with 

dashed lines. 
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2.3. Characteristic times derivation 

2.3.1. Droplet coalescence 

Coalescence is a three stage subprocess (Fig. 2): the droplets first collide, then the liquid 

film between the droplets drains, and finally the film ruptures and the droplets merge [20].  

 

 

 

Figure 2. Illustration of the three steps in the coalescence subprocess. 

When the droplet interface is not stabilized by SACs, film drainage and rupture occur 

rapidly. Hence, droplet collision is the (slowest) rate determining step in coalescence of 

unstabilized droplets [21]. The characteristic time for the coalescence process can be described 

by the collision time of equally sized droplets is shown in Equation (3) [22]:  
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The droplet collision rate depends on the volumetric oil fraction ( oilφ ), the droplet 

diameter ( dd ), the overall liquid density (lρ ), taking into account the volume fractions of oil 

and water, and the volumetric power input (ve ). The power input in a bubble column is 

determined by the gas flow rate and the reactor geometry, combining the two in the superficial 

gas velocity. Equation (4) approximates the volumetric power input by the gas displacement, 

using the gravitational acceleration constant (g ), overall liquid density and superficial gas  

velocity ( gsv , volumetric gas flow over cross sectional area of the column) [23]:  

 .v l gse g vρ=  (4) 
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Ionic strength and pH influence the effective droplet charge, creating or neutralizing 

repulsive electrostatic forces and thereby influencing coalescence. However, at the ion 

concentrations present in fermentations, the droplet charge is shielded, and any electrostatic 

repulsive forces are eliminated, therefore these do not have to be taken into account [24, 25].  

2.3.2. Droplet stabilization 

SACs can adsorb at the oil/water interface of the droplets, lowering the interfacial 

tension, or causing steric or charge stabilization of the interface, preventing coalescence and 

droplet growth. The characteristic time for the adsorption of these SACs at a droplet surface is 

given by Equation (5) [22], 
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This equation includes the surface excess concentration (Γ), which is the amount of 

SACs adsorbing at the oil/water interface, droplet diameter ( dd ), the concentration of SACs in 

the bulk ( SACc ), and the volumetric power input as a measure for the mixing in the reactor. 

2.3.3. Droplet creaming 

The density difference between the oil droplets and the continuous phase results in a 

buoyancy force that induces the rising of the droplets, also called droplet creaming. The 

characteristic time for droplet creaming was defined as the time required for an oil droplet 

within a swarm of droplets to rise with a certain creaming velocity ( ,d swarmv ) over the height of 

the column (H ), as in Equation (6).  

 
,

crm
d swarm

H

v
τ = . (6) 

To obtain the velocity of droplets in a swarm, we first need to calculate the creaming 

velocity of a single droplet (dv ), which depends on the density difference between oil and 

aqueous phase (aqρ ), droplet diameter, drag coefficient (DC ) and gravitational acceleration 

constant as given by Equation (7) [26].  
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An initial guess for the creaming velocity can be used to calculate the Reynolds number 

( Re):  

 d aq dd
e

v
R

ρ
η

= . (8) 

An estimate of the drag coefficient can be determined, using Equation (9) [26].   

 1/224
3 0.34D Re

R
C

e
−= + +  (9) 

By an iterative approach, Equations (7) to (9) determine the creaming velocity of a 

single droplet. Since high oil fractions are considered, hindered creaming of the oil droplets 

will occur and droplets should be considered to rise as a swarm instead of single droplets. The 

Richardson-Zaki equation can be used to correct the droplet creaming velocity for this effect 

[27]: 

 , (1 )n
d swarm d oilv v φ= − . (10) 

In this equation, n is a parameter that is dependent on the Reynolds number, droplet 

diameter, and vessel diameter [28].  

2.3.4. Mixing 

Mixing is the subprocess considered to compete with the droplet creaming. When 

mixing is too strong, the droplets will move with the bulk liquid instead of creaming to the top 

of the reactor. The mixing time in a bubble column can be determined by making an estimation 

of the circulation time of the liquid in such a column. Groen  developed the following 

correlations for describing the characteristic time of mixing ( mixτ ) in different flow regimes in 

a bubble column as function of volumetric power input, bubble diameter, column diameter 

( D  ) and the column height (H ) [29]. For superficial gas velocities lower than 4 cm s-1, the 

bubble flow is steady and well distributed over the whole reactor, resulting in a homogeneous 

regime [29]. In this flow regime, the mixing time can be estimated as: 
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For superficial gas velocities higher than 4 cm s-1, the heterogeneous mixing regime is 

obtained, in which the mixing caused by the bubbles has a more irregular, turbulent pattern 

[29]. In this  case, a distinction must be made for low and high aspect ratio bubble columns. For 

a bubble column with an aspect ratio between 1 and 3 can be described by 
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When the aspect ratio of the column is higher than three, Equation (13) gives the 

characteristic mixing time:  
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3. Base case definition 

The base case for the regime analysis is a continuous fermentation in a bubble column, 

in which the mixing is provided by gas bubbles. Bubble column bioreactors are often chosen 

for large scale processes, since they do not require mechanical power input for mixing. The 

performed regime analysis aims at exploring the possibility of the integration of oil recovery in 

a fermentation process. Therefore, the analysis is focused on the effects of process conditions 

on the droplet coalescence and creaming steps, aiming at achieving conditions in which these 

steps are enabled. This results in process conditions requirements for the integration of the 

separation, which are in the end compared to conditions required for fermentations (i.e., mixing 

requirements), without going into detail in specific fermentation related subprocesses (e.g., 

substrate uptake, oxygen uptake).  

Both bacteria and yeast have been genetically modified to produce advanced biofuels, 

but yeast cells are generally considered as the most robust microorganisms for industrial 

fermentation [4]. Therefore, the yeast S. cerevisiae has been chosen as microorganism for this 

base case. Current advanced biofuel producing microorganisms operate in aerobic conditions, 

as metabolic pathways require cofactors regeneration by respiration [30]. However, research 
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for microbial production of bulk chemicals is directed at developing anaerobic metabolic 

pathways to increase metabolic yields, and potentially decreasing production costs [31]. The 

regime analysis presented in this study can be applied for both aerobic and anaerobic cases, 

since gas composition has no effect on mixing. The required gas flow can be controlled by the 

gas inflow (e.g., by a gas recycle).  

For the regime analysis, the effect of process parameters and process scale on the 

characteristic times were evaluated over the specified range, while keeping all other parameters 

at their default values. Table 1 summarises the complete set of model parameters values used 

in the regime analysis, unless specified differently (e.g., when a parameter is varied over a 

range).  

 

Table 1. Base case parameter values and ranges. 

Parameter Base case Range 

rV  (m3) 1 10-2 − 103 

/H D  (-) 4 1 − 15 

oilσ (mN m-1) 52  

oilρ (kg m-3) 776  

oilφ (-) 0.1 0 − 0.4 

gsv (cm s-1) 5 1 − 10 

bd (mm) 5  

wη (mPa·s) 1  

SACc (mg L-1) 0.4 0.1 − 0.4 

Γ (mg m-2) 3 1 − 3 

dd  maxd  mind  − maxd  

 

The reactor scale, geometry and superficial gas velocity are the main parameters that 

determine the reactor design and influence the characteristic times of the subprocesses. The 

column geometry is determined by the reactor volume ( rV ) and aspect ratio ( /H D ). The 

reactor volume is varied over the complete range from 10 L to 1000 m3, with a default value of 

1000 L. The aspect ratio is varied from 1 to 15, with a default value of 4. 

Mixing is provided by the flow of gas bubbles through the column. The parameter 

describing the gas flow in a bubble column is the superficial gas velocity. The default value 

used in the analysis is 5 cm s-1 and it is varied within a range up to 10 cm s-1 [32]. Bubbles are 
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assumed to have a diameter (bd ) of 5 mm, which is a typical bubble diameter in bubble columns 

[33]. 

The physical properties of the drop-in biofuel (interfacial tension, oilσ , and 

density, oilρ  ) are taken similar to those of hexadecane, which is the most abundant component 

in diesel fuels [34]. The highest applicable oil fraction in biotechnological processes is 

considered to be 40%, at higher values severe mass transfer limitations can occur locally [35]. 

The default volumetric oil fraction was 10% and a range up to 40% is evaluated.  

The physical properties of the bulk phase, this is the fermentation broth, are taken similar 

to those of water. Fermentations at large scale are typically performed at high cell density 

( 50 - 100 g-cell L-1). The presence of cells increases the viscosity of the bulk phase. However, 

for that range of cell concentration viscosity remains in the same order of magnitude of water 

[36].  

Considering the stabilisation of the droplets, the assumption is made that the product is 

secreted without any stabilising components present at the oil/water interface of the initial 

droplets. The droplets can be stabilised against coalescence by the adsorption of surface active 

components. One of the best-known SACs released by Saccharomyces cerevisiae are 

mannoproteins. These components are potent emulsifiers, being readily released by the 

microorganisms [37, 38]. In a batch experiment, 0.2 mg of mannoproteins per gram of cell dry 

weight per hour were released [39]. A continuous process would result in lower concentrations 

of the surface active component and a default value of 0.4 mg L-1 was used, the evaluated range 

was between 0.1 to 4 mg L-1. The amount of protein adsorbing at the oil/water interface is given 

by the surface excess concentration. For different oil/water/protein combinations, the surface 

excess concentration ranges between 1.5 and 3 mg m-2 [40, 41], the default value was 3 mg m- 2 

and the range of 1 to 3 mg m-2 was evaluated.  

The parameter that comes forward in three of the four subprocesses is the droplet size, 

which is determined by a combination of process conditions and oil phase properties. This study 

considers two scenarios with different droplet sizes: mind  and maxd .  

The calculation of minimum and maximum stable droplet size was based on the 

turbulence in the reactor. Walstra et al. developed Equation (14) for the maximum droplet size 
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( maxd ) stable to breakup, defined by the interfacial tension ( oilσ ), the overall liquid density 

( lρ  ) and volumetric power input (ve ).  

 

1/53

2  
oil

max
l v

d
e

σ
ρ

 
=  
 

  (14) 

This is the maximum size of the droplets that do not breakup anymore due to the shear 

forces caused by turbulence. This approach takes the effects of hydrodynamic interactions on 

droplet collisions into account, which are directly related to the mixing of the droplet (by the 

power input). This relation, based on the degree of turbulence in the system, was developed for 

dispersions under isentropic conditions, but also appeared to be valid for lower Reynolds 

numbers [42, 43].  

An expression for the minimum droplet diameter (mind ) was developed by Thomas [44], 

by relating the forces in a turbulent mixture to the force and contact time of two droplets. When 

the contact time exceeds the time required for film drainage, dependent on the critical film 

thickness, coalescence takes place. From this condition, Equation (15) was derived, relating 

mind to the continuous phase viscosity (wη ), the critical film thickness for coalescence (h), 

interfacial tension  (oilσ ), and volumetric power input (ve ): 

 
2 2

~ .oil
min

w v

h
d

e

σ
η

 (15) 

Droplets below this minimum droplet size will have a high chance of coalescence and 

therefore exist for only a short time. By experimental work of Liu and Li, Equation (15) could 

be further developed to  

 

1
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,
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e

σ ρ
η
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=  
 

 (16) 

eliminating any empirical parameters specifically dependent on the system. It includes the 

continuous phase density and the van der Waals constant (B =10-28 Jm) as a measure for the 

intermolecular forces [21].  
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4. Results and discussion 

The starting points for all characteristic time calculations were the minimum and 

maximum droplet diameters, which are determined by the power input provided by the gas 

bubbles. Figure 3 shows the minimum and maximum stable droplet diameters as a function of 

the superficial gas velocity, calculated using Equations (14) and (16). The largest stable droplets 

are in the order of millimetres, the minimum droplet diameter was about an order of magnitude 

lower and both decrease with increasing superficial gas velocity.  

 

Figure 3. The minimum and maximum droplet diameters at varying superficial gas velocities 

( rV = 1m3, /H D = 4, SACc = 0.4 mg L-1, oilφ = 0.1). 

4.1. Coalescence vs SAC adsorption 

The first step in the recovery process is droplet growth by coalescence. Figure 4 

compares the characteristic times for coalescence and stabilization by SAC adsorption for the 

minimum sized droplets, showing that coalescence is three orders of magnitude faster than 

stabilization of those droplets. This indicates that no emulsification problems are expected for 

the very small droplets. Since droplet coalescence is slower for larger droplets, coalescence of 

droplets smaller than maxd will be faster than for droplets of size maxd , so when coalescence of 

the maximum sized droplets is not limiting, the smaller droplets can also coalesce. However, 

for the largest stable droplets the characteristic times of SAC adsorption and coalescence are in 

the same order of magnitude (Fig. 5). At a superficial gas velocity higher than 2 cm s-1, 

coalescence is calculated to be faster than adsorption but since there is no order of magnitude 
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difference between the characteristic times, this only indicates that coalescence might be 

promoted over emulsification with increasing superficial gas velocity. Since the model shows 

that droplet stabilization of the smallest droplets is of no concern, from here on we will focus 

on coalescence of the large droplets.  

Figure 4. Characteristic times of SAC 

adsorption and coalescence for mind  as a 

function of superficial gas velocity ( rV  = 1 m3, 

H/D = 4, SACc = 0.4 mg/L, oilφ  = 0.1).  

Figure 5. Characteristic times (τc) of SAC 

adsorption and coalescence for maxd  as a 

function of superficial gas velocity ( rV  = 1 m3, 

H/D = 4, SACc = 0.4 mg/L, oilφ  = 0.1). 

As Equations (3) and (5) show, SAC concentration, oil fraction, and surface excess 

concentration also influence the characteristic times. The former two are in turn influenced by 

the process conditions, while the latter is a physicochemical property of the emulsifier for the 

dispersion and hence, is scale independent When the process operates at high oil fraction, 

coalescence is promoted (Fig. 6). Increasing the oil fraction should preferably be achieved by 

improved microorganism productivity instead of by operating at higher cell concentrations, 

since increased cell concentrations will likely lead to higher concentrations of SACs, which in 

turn enhance droplet stabilization (Fig. 7).  

The surface excess concentration of the emulsifier describes the minimum amount of 

emulsifier required to cover the droplet surface. The exact value is dependent on the type of 

emulsifier and composition of the aqueous and organic phase. The influence of the surface 

excess concentration on the stabilization characteristic time is limited. For the considered 

surface excess range, 1.5-3 mg m-2, the order of magnitude of stabilization remains the same. 
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Figure 6. Characteristic times (τc) of SAC 

adsorption and coalescence for maxd  as a 

function of volumetric oil fraction ( rV = 1 

m3, H/D = 4, gsv = 5 cm s-1, SACc = 0.4 mg L-1). 

Figure 7. Characteristic times (τc) of SAC 
adsorption and coalescence for dmax as a 

function of SAC concentration ( rV = 1 m3, 

H/D = 4, 
gsv = 5 cm s-1, oilφ = 0.1). 

In all previous comparisons of the characteristic times for coalescence and 

emulsification, none of the parameter variations results in one process being conclusively faster 

than the other. However, when the process is operated at the upper boundary of the oil fraction 

(0.4) and a low SAC concentration is achieved (0.1 mg L-1), an order of magnitude difference 

between the characteristic times for coalescence and SAC adsorption can be reached, as shown 

by the ratio of characteristic times in Figure 8. In such conditions, droplet growth by 

coalescence readily occurs and the droplets might be recovered by gravity separation. 

 

Figure 8. Coalescence is an order of magnitude faster than droplet stabilization ( rV = 1m3, 

/H D = 4, SACc = 0.1 mg L-1, oilφ = 0.4). 
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4.2. Droplet creaming vs mixing 

To facilitate droplet creaming, the characteristic time for creaming must be lower than 

that for mixing. The superficial gas velocity, determining the power input, influences both 

creaming and mixing (Fig. 9). 

 

Figure 9. Characteristic times (τc) of creaming and mixing for maxd as function of 

superficial gas velocity in the heterogeneous regime ( rV = 1 m3, /H D = 4, oilφ = 0.1). 

As mentioned before, two mixing regimes are distinguished: the homogeneous and 

heterogeneous regime. In the homogeneous flow regime, mixing is gentle, and the droplet 

creaming will occur (results not shown). However, the limited mixing in that case is likely to 

be insufficient for the fermentation process and is therefore we only consider superficial gas 

velocities in the heterogeneous regime (gsv > 4 cm s-1). When the superficial gas velocity is 

increased, and the heterogeneous regime is reached, mixτ  decreases below crmτ . However, there 

is no order of magnitude difference between them, so none of the subprocesses is conclusively 

faster than the other.  

Furthermore, mixτ  is strongly influenced by the reactor geometry of the bubble column 

(both aspect ratio and volume). Only at extreme aspect ratios, an effect on the mixing time can 

be expected (Fig. 10). The influence of the aspect ratio is limited in the lower range and only 

when it exceeds a value of 3, the mixτ  increases. This sudden change is explained by the regimes 

existing below and above an aspect ratio of 3, as shown in the section describing the mixing 

time. The mixing and creaming characteristic times are influenced similarly when the reactor 
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volume is increased. Both subprocesses slow down with increasing scale, but droplet creaming 

is slightly stronger affected than mixing (Fig. 11). This clearly suggests that integrated gravity 

separation will become more difficult at large scale.  

Figure 10. Characteristic times (τc) of 
creaming and mixing for maxd  as function 

of aspect ratio ( rV = 1m3, 
gsv = 5 cm s-1).  

Figure 11. Characteristic times (τc) of 
creaming and mixing for maxd  as function 

of reactor volume ( /H D = 4, 

gsv  = 5 cm s- 1). 

This also shows from the ratio of characteristic times at the optimal conditions (Fig. 12). 

When operating at the low end of the heterogeneous regime (5 cm s-1) and at extreme aspect 

ratio (15), the crmτ is close to an order of magnitude lower than the mixτ at lab scale 

volumes (1 L). But when the reactor volume is increased, this difference is rapidly lost, showing 

that scale up will cause recovery difficulties. Furthermore, the mixing time at large scale 

reactors under these conditions is likely to be insufficient for facilitating the fermentation. For 

example, in lab scale stirred vessel and bubble column the mixing times will be similar [45]. 

When the reactor size is increased, mixing times will start to differ. In a 20 m3 reactor, mixing 
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ratio bubble columns (Equation (13)).  
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Figure 12. Ratio characteristic times of mixing and creaming for maxd  (
gsv = 5 cm s-1,

/H D = 15). 

 

5. Conclusions 

Process integration can contribute to lowering the production costs of advanced 
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reached, and the SAC concentration is limited, droplet growth by coalescence takes place and 

droplet stabilization by SACs will not be a problem. This is valid under the earlier made 

assumption that the secreted product is not initially stabilised. When this is the case, the 

coalescence subprocess should be described in a different way. In this chapter, the collision 

frequency is used to obtain an expression for the characteristic time of coalescence, but when 

the droplets are formed already stabilised, a characteristic time based on the rupture of the 

stabilising film would be required. 

For the next step in the oil recovery, droplet creaming, gravity separation is the cheapest 

process option. The regime analysis compares the characteristic times for creaming with 

mixing. When mixing is too strong, the droplets will be back-mixed instead of separated. The 

analysis showed that it is possible to achieve conditions at lab scale in which droplet creaming 

is faster than mixing, with a comparable mixing time in the bubble column as in a lab scale 

stirred vessel. However, at increased production scale, the limited superficial gas velocities and 

extreme aspect ratios required to promote droplet creaming over mixing, cause that droplet 

creaming cannot be promoted while maintaining suitable fermentation conditions. So for large 

scale integration, the integration of production and separation might only be achieved in a 

reactor in which two sections with different process conditions (especially superficial gas 

velocity) are combined, one section for fermentation and one for separation.  

Challenges in such a design are to control the hydrodynamics in the different sections 

and to couple them, while maintaining the microbial cell performance. The design of such an 

reactor and experimental testing of the scale-up effects are the next steps to be taken in 

developing low-cost process technology, which in the end is one of the aspects required for 

economically feasible production of advanced biofuels.  
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Nomenclature 

Roman 

B  Van Der Waals parameter 

DC  Drag coefficient 

D  Diameter 

H  Height 

Re Reynolds number 

V  Volume 

c Concentration 

e Power input 

d  Particle diameter 

g  Gravitational constant 

h Critical film thickness 

n  Richardson-Zaki parameter 

v Velocity 

Greek 

Γ Surface excess concentration 

η  Viscosity  

ρ  Density 

σ  Interfacial tension 

τ  Characteristic time 

φ  Volume fraction 

Subscripts 

v Volume specific 
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b  Bubble 

d  Droplet 

l  Liquid 

r  Reactor 

aq Aqueous 

oil  Oil 

ads Adsorption 

coa Coalescence 

crm  Creaming 

mix Mixing 

max  Maximum 

min  Minumum 

SAC Surface active component 
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Chapter 3. Techno-economic assessment of the use of solvents in the 

scale-up of microbial sesquiterpene production for fuels and fine 

chemicals 

 

 

Abstract 

Sesquiterpenes are a group of versatile, 15-carbon molecules with applications ranging 

from fuels to fine chemicals and pharmaceuticals. When produced by microbial fermentation 

at laboratory scale, solvents are often employed for reducing product evaporation and 

enhancing recovery. However, it is not clear whether such approach constitutes a favorable 

techno-economic alternative at production scale. In this study empirical correlations, mass 

transfer and process flow sheeting models were used to perform a techno-economic assessment 

of solvent-based processes at scales typical of flavor and fragrances (25 MT y-1) and fuel market 

(25000 MT y-1). Different solvent-based process options were compared to the current state of 

the art which employs surfactants for product recovery. Although the use of solvents did reduce 

sesquiterpene evaporation rate during fermentation and improved product recovery, it resulted 

in higher or similar cost than the base case due to the additional equipment cost for solvent-

product separation. However, when selecting solvents compatible with the final product 

formulation (e.g. in a kerosene enrichment process), unit costs as low as 0.7 $ kg-1 can be 

achieved while decreasing environmental impact. 

 

 

 

This chapter has been published as:  

Pedraza-de la Cuesta Cuesta, S., Knopper, L. , van der Wielen, L. A. and Cuellar, M. C. (2019), 
Techno‐economic assessment of the use of solvents in the scale‐up of microbial sesquiterpene 
production for fuels and fine chemicals. Biofuels, Bioprod. Bioref., 2019. 13: 140-152. 
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1. Introduction 

Sesquiterpenes are 15-carbon isoprenoids with applications in different markets like 

flavors, fragrances, cosmetics, pharmaceuticals, foams, lubricants, and biofuels [1, 2]. 

Normally sesquiterpenes are extracted from plants, in which they naturally occur. However, 

this method is costly, presents low yields and raw materials are usually scarce, resulting in high 

product prices ranging from ~100 to ~1000 EUR kg-1 [3]. The use of genetically modified 

microorganisms to produce sesquiterpenes via fermentation is a promising alternative to 

overcome these problems. Recently developed strains can secrete sesquiterpenes to the 

extracellular medium reaching titers in the order of grams per liter [4, 5]. Sesquiterpene forms 

a separate oil phase with lower density than water, which is very attractive from the point of 

view of product recovery. Several companies like Amyris, Firmenich, Isobionics, Allylix and 

Evolva are currently developing processes at commercial scale. For example, Amyris already 

produces farnesene (a precursor for farnesane, commercialized under the name of Biofene®). 

Moreover, they have successfully developed a microorganism for the production of amorpha-

1,4-diene, a precursor for the malaria medicine artemisinin, while Sanofi Aventis is currently 

working in the process scale up and commercialization. 

In spite of these industrial developments, literature on process technology and 

quantitative data is limited to a few patents [6-10]. Scientific publications are mainly focused 

on metabolic improvements and fermentation yields [4, 5, 11-16]. Those laboratory scale 

studies briefly describe the processing of sesquiterpenes for analytic purposes (Figure 1A), and 

typically employ solvents during fermentation and sample handling [8, 13]. However, the 

reason for applying this method, the impact of the solvent in the process, or its applicability at 

industrial scale is not explicitly stated. In the following section the mechanisms in which 

solvents play a role in the laboratory scale protocols and their potential application at large scale 

are discussed. 
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Figure 1: Process options for the production of sesquiterpenes. A) Lab scale protocol [8]; B) Base case [9]; C) Solvent-based process evaluated in this 

work. 
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Table 1: Predicted physical properties sesquiterpenes and solvents typically used in sesquiterpene production. Unless indicated otherwise, source: 

ChemSpider database (Data generated using the US Environmental Protection Agency’s EPISuite™) at 25°C. 

  ρ bT  vapp  Hk  owLogP  wC  oaσ  owσ  

 Example (g mL-1) (°C) (Pa) (atm m3 mol-1) - (mg L-1) (mN m-1) (mN m-1) 

Santalene  0.89h 238 7.6 0.39 6.4 0.039 36 a - 

Caryophyllene  0.89 h 257 4.2 0.69 6.3 0.050 31f 
51

g
 

Farnesene  0.86 h 261 3.3 0.10 7.1 0.011 26 a - 

Amorphadiene  0.90a 258 4.0 0.69 6.3 0.054 26 a - 

Dodecane [13] 0.75 h 206 18 9.35 6.1 0.110 25 f 50g 

Decane [8] 0.74 h 165 191 5.30 5.0 1.252 24b 52 b 

Ethyl acetate [8] 0.90 h 78 1243 2.3 10-4 0.7 2.99 104 24c 7c 

MTBE [46] 0.74 h 47 33331 2.0 10-3 0.9 1.98 104 19d 11e 

Triton x-114 [9] 1.06 i - - - - Soluble 31i - 

a ACD/Labs Percepta Platform - PhysChem Module; b Dataphysics [47] @20 °C and Demond and Lindner [38] (Temperature not reported); c CAMEOdatabase [48]@20 °C; 
d Montaño et al.[49] @20 °C; e Hickel et al. [50] (Temperature not reported); f Experimentally determined in this work at room temperature; g estimated from experimental 
results using [37]; h Chem Src Safety Data sheets; i Dow Safety Data Sheets  
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1.1. Roles of solvent in the production of sesquiterpenes 

1.1.1. Lowering evaporation rate of sesquiterpene 

Sesquiterpenes are relatively volatile molecules (Table 1), and thus, part of the product 

can be transferred to the gas phase during the fermentation. Evaporation rates in the order of 

mg h-1 have been reported to occur at laboratory scale fermentations reaching product titers in 

the order of mg per L [16]. In addition, 3% of product loss has been reported in a 2L scale 

bioreactor reaching product titers in the order of g per L [6]. A typical solution is adding an 

overlay of 10%−20% v/v of a relatively low volatile organic solvent (e.g. decane or dodecane) 

to the fermentation medium (Figure 1A), capturing the hydrophobic sesquiterpene molecules in 

the organic phase [8, 11, 13, 16, 17]. Although this is a common practice at laboratory scale, 

the actual impact of the solvent on the product evaporation rate is unknown, and studies on 

sesquiterpene evaporation, and VLE physical properties of sesquiterpenes are scarce; see for 

example Schuhfried et al. [18]. 

Solvent selection criteria for sesquiterpene fermentations are, among others, low 

volatility, low tendency to form emulsions, and a partition coefficient octanol/water higher than 

105 (log Pow>5) which, in principle, excludes toxicity problems in microorganisms like S. 

cerevisiae [19]. When using solvents at production scale, additional solvent selection criteria 

like high relative volatility should be considered for a cost-effective solvent-product separation. 

Alternatively, this separation step could be bypassed by choosing solvents compatible with the 

final product formulation. Examples include the use of methyl oleate or isopropyl myristate in 

the production of amorphadiene [5], canola oil in the production of the sesquiterpene alcohol 

bisabolol [20], and farnesene as solvent in the production of the monoterpene limonene [21]. 

1.1.2. Enhancing oxygen transfer during fermentation 

In aerobic fermentations oxygen is generally supplied by sparging air bubbles into the 

bioreactor. The oxygen is transferred from the bubbles into the aqueous phase, and once there, 

it is available to be consumed by the microorganisms. The oxygen transfer rate (OTR) depends 

on the overall mass transfer coefficient (Lk a ), and the difference in oxygen concentration 

between the gas/liquid interface and the bulk liquid phase (
2OC∆ ): 

2L OOTR k a C V⋅ ∆ ⋅=
 (1) 
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The Lk a  is dependent on physical properties of the system, bioreactor geometry, and 

hydrodynamic conditions [22]. OTR is typically one of the limiting factors in scale-up of 

aerobic fermentations [22]. Due to the low solubility of oxygen in water, oxygen limitation may 

occur affecting the fermentation performance. Oxygen limitation can be avoided by increasing 

the power input of the system, but this is highly energy demanding (e.g. due to aeration and 

agitation), especially at large scale. Since oxygen presents 10-times higher solubility in 

hydrocarbons than in water [23], a possible alternative is using solvents as oxygen vector to 

enhance OTR. This concept has been claimed in a patent application by Isobionics for the 

production of the sesquiterpene valencene [24]; However, the net effect of the solvent on the 

OTR is controversial since it depends among other factors on the oil fraction used [23]. 

1.1.3. Product recovery: enhancing coalescence and creaming of the oil phase 

Sesquiterpenes are hydrophobic liquids, with lower density than water (Table 1). During 

the fermentation, microorganisms synthesize and secrete sesquiterpene to the extracellular 

medium, where it forms a separated phase (addressed in this work as oil phase) dispersed as 

droplets due to the mixing in the reactor. Dispersed oil droplets can and coalesce into larger 

ones. These large droplets can rise due to their lower density than the aqueous medium. This 

mechanism is called creaming, and its velocity (dv ) depends on the size (oild ) and the density 

of the oil droplets ( oilρ ): 

 ( )4 3/ ( )d oill aqDoilv g d Cρ ρ ρ= ⋅ ⋅ − ⋅ ⋅ ⋅  (2) 

Coalescence and creaming contribute to product phase separation and therefore are 

desirable mechanisms for reducing product recovery costs. When fermentations are performed 

in the presence of solvent, there is a larger total oil fraction in the bioreactor. For example, a 

15% v/v oil phase was described in an amorphadiene fermentation, of which 10% v/v accounted 

for solvent [5]. Higher oil fractions increase the droplet collision leading to larger averaged 

droplet size [25, 26]. Moreover, depending on the density of the selected solvent (Table 1) the 

overall density of the oil phase can be reduced, contributing to its creaming. Therefore, 

implementing solvents for reducing product evaporation, could also contribute to improve 

product recovery. 



Techno-economic assessment of the use of solvents in the scale-up of microbial sesquiterpene production for 
fuels and fine chemicals 

59 

1.1.4. Demulsification of the oil phase by phase inversion 

Several components of the fermentation broth (e.g., salts, glycolipids, proteins, cells and 

cells debris) can hinder coalescence by lowering the oil/water (o/w) interfacial tension and/or 

stabilizing the o/w interface [27]. As a result, the product is not a homogeneous continuous 

phase, but a stable emulsion. Although the formation of sesquiterpene emulsions are usually 

not mentioned in laboratory scale studies [20, 28], this problem has been reported at larger 

scales [9]. Reported recovery methods consist on inducing phase inversion, obtaining an 

emulsion of water in a continuous oil phase (w/o) which is separated afterwards by 

centrifugation. Phase inversion can be (i) transitional (TPI), (ii) catastrophic (CPI) or (iii) 

induced by partial crystallization of the solvent.  

TPI consists in adding a nonionic-surfactant and increasing the emulsion temperature 

until the surfactant becomes more soluble in the oil phase [29]. Tabur and Dorin [9] report the 

use of Triton-X114 and temperatures of 60 °C for TPI of sesquiterpene emulsions at large scale 

(300 L fermentation). CPI is induced by adding oil phase until a critical concentration is reached 

[29-31]. Applicability of CPI as a recovery step in a production process involving microbial 

emulsions has been reported by Glonke et al. [32]. There is no experimental data on critical o/w 

ratios for inversion of sesquiterpene emulsions, however laboratory scale protocols report the 

addition of 2 volumes of solvent per volume of broth [8,13] (Figure 1A). Finally, phase inversion 

by partial crystallization of the solvent can be induced by first lowering the temperature in order 

to form a crystal network of solvent across the droplets walls, and then heating the emulsion 

above the solvent melting temperature. To our knowledge, there is no data regarding the 

applicability of this method to sesquiterpene emulsions. 

Using CPI instead of TPI has the advantage of avoiding the use of costly surfactants and 

changes of temperature. The main disadvantage of CPI is that it requires an extra step for 

solvent-product separation; However, TPI might also require additional purification steps like 

distillation [10] for meeting the purity specifications of some applications (e.g. 92%-94% w/w 

purity for cosmetics [2]). Furthermore, solvent-product separation costs can be reduced by 

selecting solvents with high vapor pressure; for example, methyl-tert-butylether (MTBE), 

ethyl-acetate or heptane are typically used at laboratory scale [8, 13]. On the other hand, these 

solvents can be toxic for cells due to their higher solubility in water, compromising the 

possibility of cell recycling. Hence, interesting alternatives for reducing solvent-product 

separation steps include using the same solvent as in the bioreactor for reducing evaporation, 
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using a solvent compatible with the final product formulation (e.g., diesel for sesquiterpene-

based biofuels), or increasing the oil fraction by recycling sesquiterpene. 

1.2. Aim of this work 

This work studies the effect of solvent in the evaporation rate, droplet size and oil phase 

recovery in sesquiterpene fermentations by using empirical correlations and transfer models 

based on predicted VLE properties. In addition, it evaluates the techno-economic impact of 

using solvents in a microbial sesquiterpene production process by means of flow sheeting at 

two scales, namely 25 MT y-1 (flavors and fragrances market) and 25000 MT y-1 (aviation fuel 

market).  

 

2. Materials and methods 

2.1. Experiments 

2.1.1. Preparation of o/w dispersions 

Oil in water dispersions were prepared in a 2-L jacketed vessel (Applikon, The 

Netherlands) containing 1.275 L of demineralized water, and 0% to 10% v/v of sesquiterpene 

and dodecane (Sigma Aldrich, >99% purity). Experiments were performed using the 

sesquiterpene caryophyllene (kindly provided by Firmenich, >95% purity), since it presented 

higher stability than commercially available synthetic farnesene, and their physical properties 

are expected to be similar (Table 1). The vessel was aerated using pressurized air at a flow rate 

of 1.5 nL min-1, controlled by a mass flow controller (Brooks Instrument, Hatfield, United 

States); the temperature was maintained at 35°C; and the stirring speed of a 6-blade Rushton 

impeller of 45 mm diameter was kept at 1000 rpm. Aeration, temperature and stirring speed 

were chosen in order to mimic typical fermentation conditions. To eliminate effects of any 

residual surfactants the vessel was cleaned with a regular dish soap, rinsed two times with demi-

water, cleaned two times with 70% ethanol and rinsed again with demi-water. 

2.1.2. Droplet size analysis 

Droplet images were recorded in situ by a SOPAT probe (SOPAT Gmbh), and analysed 

using the image analysis software provided by SOPAT Gmbh [33] as described by Heeres et 

al. [34]. A set of 100 pictures was taken 30 minutes after every oil addition, ensuring a stable 

droplet size and more than 1000 droplets per data point.  
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2.1.3. Surface tension 

Surface tension of water (waσ ), caryophyllene ( oaσ ), and dodecane (oaσ ) (Table 1) 

were measured using a Krüss ring tensiometer (model 01260). 
 

2.2. Modeling 

2.2.1. Droplet size and required separation area 

In this work, the model proposed by Alopaeus et al. [35] which applies for turbulent 

conditions, was chosen to estimate the droplet size ( oild ) in the bioreactor, using the volume 

fraction of the dispersed phase (oilφ ), the power input per unit mass (Ge ), the o/w interfacial 

tension ( owσ ), the viscosity of the continuous phase (wη ), the densities of the dispersed (oilρ ) 

and continuous phase (lρ ), and a set of universal constants, which are independent of the 

operating conditions and design parameters (C1=4.87 10-3; C2=5.52 10-2; C3= 2.17 10-4; 

C4=2.28 1013 m2) [36]: 

( )
( )24

3
4 23 2/3 5/32

1

1
ln 10.8038

21

oww l G

oil

oil

oiw lGo

C e d
C C

C e d

σ φη ρφ
ρσ φ

+  ⋅ ⋅  ⋅ = −    ⋅ ⋅ +    (3) 

The required separation area for recovering the dispersed oil droplets of size (oild ) and 

density ( oilρ ) in a disk-stack centrifuge was estimated based on the sigma factor (Σ ). This 

factor is the equivalent cross-sectional area of a gravity settler and depends on the efficiency of 

the centrifuge (ξ ), the viscosity of the aqueous phase (wη ), and the maximum capacity 

throughput (Q): 

( )2

18 w

oil l oil

Q

d g

η
ξ ρ ρ

⋅
Σ =

⋅ − ⋅   (4) 

2.2.2. Evaporation rate: L-V and L-L-V transfer models 

The evaporation rate of sesquiterpene (evapR ) can be estimated from its molar fraction in 

the gas phase (y ), and the total flow of gas leaving the bioreactor ( GF ): 

evap GR y F= ⋅   (5) 
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In this work, the maximum evaporation rate of sesquiterpenes at different aeration rates, 

fermentor volumes, and solvent volumetric fractions was evaluated by phase equilibrium 

models based on predicted physical properties (Table 1), and experimental data from 

Schuhfried et al. [18]. Two possible transfer routes were considered:  

• Transfer from oil droplets to gas bubbles via aqueous phase (L-L-V): This model 

determines the molar fraction of the sesquiterpene in the gas phase (y ) in equilibrium 

with the aqueous phase as a function of the Henry’s constant (Hk ), the total 

pressure  ( totP  ), and the concentration of sesquiterpene in the aqueous phase (wC ).  

wH

tot

k
y C

P
=

 (6) 

Assuming equilibrium conditions between the oil and the aqueous phase, the 

concentration of sesquiterpene in the aqueous phase was estimated as the ratio between 

the concentration of sesquiterpene in the oil (oilC ), and the predicted values of the 

sesquiterpene distribution coefficient between 1-octanol and water (owP ):  

org
w

ow

C
C

P
=

 (7) 

• Direct transfer from oil to gas phase (L-V): This model assumes that oil droplets collide 

with gas bubbles allowing direct transfer of sesquiterpene from oil to the gas phase. 

Assuming ideal behaviour, the gas phase composition ( y) in equilibrium with an oil 

phase of composition (x ) can be estimated by the Raoult’s Law: 

( / )vap
toty x p P⋅=

 (8) 
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Figure 2: Maximum estimated evaporation rate at 1vvm gas flow and 35°C, as function of the 

fermentor working volume for two different routes: L-V modelled by Raoult’s law, and L-L-V 

modelled by Henry’s law. x=1 is the composition of an oil phase purely composed of sesquiterpene 

and x=0.5 represents a situation where 10%v/v of sesquiterpene is produced in a bioreactor 

containing 10% v/v of solvent. Distribution of oil phase on gas-water interface depends on the 

contact angle β: (i) When β=0° oil phase is fully spread onto gas surface (ii) β<90° oil beads with 

large contact area oil-gas are formed, and (iii) if β>90° oil beads with low oil-gas contact area are 

formed. 

Using the properties of farnesene as reference, the maximum evaporation rate of 

sesquiterpene in a bioreactor working at 35°C, 1 atm and aerated at 1 vvm were estimated for 

both routes at different working scales (Figure 2). A preliminary analysis considering interfacial 

tensions was performed to elucidate which route is more probable. The prevalence of one the 

other depends on the interfacial properties of the three phases. Upon droplet-bubble collision, 

oil can remain on the bubble surface as beads, or it can spread forming a layer (Figure 2). The 

first situation would favour L-L-V transfer of sesquiterpene via aqueous phase, whereas the 

formation of an oil layer on the bubble would promote direct L-V transfer of sesquiterpene. The 

values of interfacial tension (owσ ) for caryophyllene and dodecane (Table 1) were estimated 

following the method developed by Girifalco and Good [37] Eq. (9) using Ф=0.5595 as 

indicated by Demond and Lindner [38] for aliphatic hydrocarbons. 

 
1/ 22 ( )ow oa wa oa waσ σ σ σ σ= + − Φ⋅ ⋅ ⋅

 (9) 

L-L-V 

L-V & L-L-V 
β < 90° 

β > 90° 

β = 0° 
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The spreading coefficient (S), indicating the wetting of a gas bubble by the oil phase in 

presence of water, and the contact angle ( )β  between the three phases were calculated from the 

interfacial tension values as described by Rowlinson and Widom [39]: 

( )wa oa owS σ σ σ= − +
 (10) 

( )2 2 2cos( ) ( ) ( ) ( ) / (2 )wa ow oa ow oaβ σ σ σ σ σ= − − ⋅ ⋅
 (11) 

2.2.3. Process simulation: Basic assumptions 

The techno-economic performance of a reference case (Figure 1B) based on Tabur and 

Dorin [9] has been compared to a solvent-based process (Figure 1C) by using the flowsheet 

simulation software SuperPro Designer™ (v 9.5 build 3). Farnesene has been selected as 

reference sesquiterpene due to its wide range of applications at different production scales (e.g., 

flavors, fragrances and fuels), and due to the availability of some experimental data for product 

recovery. Several cases have been considered for the solvent-based process in order to account 

for the different roles that solvents can play (Table 2). In addition, a scenario in which produced 

sesquiterpene is used to enrich kerosene has been considered to represent an alternative in which 

solvents are compatible with the final product formulation. All cases included fermentation, 

primary recovery by centrifugation, demulsification and, when indicated, product/solvent 

separation. The basic assumptions per step are described below. 

• Fermentation: Stoichiometric model based on metabolic pathway 

In this work, 100 g L-1 of sesquiterpene are produced in a continuous bioreactor by a 

recombinant strain of S. cerevisiae via glycolysis and mevalonate pathways according to the 

following process reaction: 

6 12 6 2 4 15 24 1.8 0.5 0.2 2 2-5.3C H O -6.0O -0.9NH OH +1.0C H + 4.4CH O N +12.2CO +17.8H O
 (12)

  

The previous equation assumes a production of 12 mol ATP per mol of sesquiterpene 

(based on metabolic pathway), a yield of 16.5 g cells per mol of generated ATP [40], a 

maintenance coefficient of 0.05 mol ATP C-molX-1∙h-1 [41], and a specific growth rate of 

0.04 h-1.  

The evaporation rate of sesquiterpene in the bioreactor was estimated by the L-V model 

presented in Eq.(5), considering fermenters without off-gas condenser. In order to evaluate the 
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use of solvent for reducing product evaporation, case 1 using 10% v/v of dodecane in the 

fermentation, is compared to case 2 and case 2B. Case 2 implements an off-gas condenser at 

15 °C to recover the evaporated sesquiterpene, followed by a settler to separate the 

sesquiterpene from condensation water. Case 2B does not incorporate product recovery from 

the off-gas. 

No effects in fermentation performance have been reported in sesquiterpene literature 

for oil fractions of 0.1 v/v to 0.2 v/v. At these oil fractions it is expected that it only affects the 

stirring and aeration requirements for maintaining enough dissolved oxygen in the fermentation 

broth. In consequence, the current work does not consider any impact of the solvent in the 

fermentation model. Potential improvements in oxygen transfer would be reflected in utilities 

requirements (i.e. power consumption for stirring and aeration). However, our results show that 

in all cases the utilities contribution to the operating costs is less than 7.5% (see Table S8 in 

Supplementary Material). Hence, no significant economic impact is expected.  

• Recovery of dispersed oil phase from aqueous broth: Disk stack centrifuge 

The dispersed organic phase is separated from the aqueous phase and the cells using a 

disk stack centrifuge. Based on data reported by Tabur and Dorin [9], it is assumed that 

90% w/w of the oil phase is recovered in the form of an emulsion containing: 75% w/w oil, 

5% w/w cells, and 20% w/w water. The droplet size of the dispersion entering the centrifuge 

was calculated using the model presented in Eq. (3). 

In order to evaluate the impact of solvent in oil recovery by promoting coalescence and 

creaming in the reactor, case 1 using 10% v/v of dodecane in the fermentation is compared to 

case 2 which does not incorporate any solvent in the fermentation.  

• Demulsification and recovery of clear oil phase: Disk stack centrifuge 

In the base case the o/w emulsion is inverted by TPI by adding 0.5% w/w of 

Triton x- 114 as reported by Tabur and Dorin [9]. In cases 1 and 2 the o/w emulsion is inverted 

by CPI by adding to the emulsion 2 volumes of MTBE per volume of fermentation broth leaving 

the reactor as reported in laboratory scale protocols [8].  

For evaluating alternative solvents to MTBE for CIP, cases 3 to 5 were developed using 

2:1 v/v of dodecane, recycled farnesene and kerosene respectively. In all cases, the continuous 

oil phase is separated from the water phase by centrifugation in a disk-stack centrifuge assuming 
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98% of clear oil recovery, a cell diameter of 5 μm [42] and a cell density of 1050 g L-1 (SuperPro 

Designer™ database). 

• Solvent-product separation: Distillation 

Solvent-product separation is simulated in SuperPro Designer™ using a distillation 

column. In case of using more than one type of solvent an additional column was considered. 

Due to the large number of separation stages required, the use of a continuous distillation 

column at small scale would lead to an unfeasible high aspect ratio, and therefore distillation is 

simulated in a batch column.  

Vapour pressure of the light key (vap
ip ) and heavy key ( vap

jp ) components were 

evaluated at the molar averaged temperature of the bottoms Eq. (13) and used to calculate their 

relative volatility ( ijα ) Eq. (14). The Antoine coefficients for the components mentioned in this 

work are obtained from the SuperPro Designer™ database and Tochigi et al. [43]. 

10log ( ) / ( )vapp A B T C= − +
 (13) 

/vap vap
ij i jp pα =  (14) 

 

2.2.4. Economic model and environmental impact 

Cases were compared on economic performance and environmental impact. Economic 

performance was assessed on the basis of the unit cost ($ kg-1), calculated according to the 

SuperPro Designer™ built-in model for a new plant, considering materials cost (e.g. glucose, 

nutrients, and solvents), utilities cost (e.g. heating, cooling, and power), and facility-dependent 

cost (e.g., depreciation and maintenance); and excluding labour-dependent and waste treatment 

costs. These economic estimates are expected to have an accuracy of 25%-40%, as usual in 

conceptual design stages. To evaluate the environmental impact of the process, the E factor 

(kg waste kg-1 product) has been estimated [44]. This E factor accounts for the fermentation 

off-gas emissions, and the bottom streams of the centrifuges containing cells, residual 

sesquiterpene and residual solvent. As indicated by Sheldon [44] water was excluded from the 

calculations of the aqueous waste streams. More details on the economic model can be found 

in the Supplementary Material. 
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Table 2: Overview of process simulation parameters. Base case: TPI demulsification, Case 1: Dodecane in bioreactor and CPI demulsification, Case 2: 

condenser in bioreactor and CPI emulsification, Case 3: Dodecane in bioreactor and dodecane for CPI, Case 4: Farnesene for CPI, Case 5: Kerosene 

for CPI.  

 Scale: 25 MT y-1 (Flavors and fragrances, pharma, fine chemicals) 

  Base case Case 1 Case 2 Case 2B Case 3 Case 4 Case 5 

Fermentation 

V(m3) 1.16 1.27 1.16 1.17 1.21 1.17 0.06 

Evaporation Farnesene (g h-1) 24 15 24 24 15 24 1 

Evaporation dodecane (g h-1) Na 75 Na Na 72 Na Na 

Condenser T(°C) Na Na 15 Na Na Na Na 

Centrifugation 1 o/w separation area (m2) 0.02 0.01 0.02 0.02 0.01 0.02 0.001 

Demulsification Demulsifier  Triton 0.5% 
w/w 

MTBE 2:1 
(v/v) 

MTBE 2:1 
(v/v) 

MTBE 2:1 
(v/v) 

Dodecane 2:1 
(v/v) 

Farnesene 2:1 
(v/v) 

Kerosene 2:1 
(v/v) 

Distillation 1 V (m3) Na 2.20 1.97 1.97 2.11 Na Na 

Distillation 2 V (m3) Na 0.19 Na Na Na Na Na 

 Scale: 25000 MT y-1 (Biofuels and bulk chemicals) 

Fermentation 

Vreactor (m3) 579(x2) 604(x2) 581(x2) 584(x2) 601(x2) 985(x2) 64 

Evaporation Farnesene (kg h-1) 12 7 12 12 7 12 1 

Evaporation dodecane (kg h-1) Na 36 Na Na 36 Na Na 

Condenser T(°C) Na Na 15 Na Na Na Na 

Centrifugation 1 o/w separation area (m2) 21 12 21 21 12 21 1 

Demulsification Demulsifier Triton 0.5% 
w/w 

MTBE 2:1 
(v/v) 

MTBE 2:1 
(v/v) 

MTBE 2:1 
(v/v) 

Dodecane 2:1 
(v/v) 

Farnesene 2:1 
(v/v) 

Kerosene 2:1 
(v/v) 

Distillation 1 Number of distillation stages Na 25 20 20 47 Na Na 

Distillation 2 Number of distillation stages Na 34 Na Na Na Na Na 
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Table 3: Overview of techno-economic evaluation. Base case: TPI demulsification, Case 1: Dodecane in bioreactor and CPI demulsification, Case 2: 

condenser in bioreactor and CPI emulsification, Case 3: Dodecane in bioreactor and dodecane for CPI, Case 4: Farnesene for CPI, Case 5: Kerosene 

for CPI.  

 Scale: 25 MT y-1 (Flavors and fragrances, pharma, fine chemicals) 

 Base case Case 1 Case 2 Case 2B Case 3 Case 4 Case 5 

E factor (kg waste kg-1 product) 5 5 4 5 5 5 0.3 

purity (% w/w) 99 96 100 100 95 100 5 

Unit cost ($ kg-1) total stream 49.0 106.0 82.4 80.3 84.0 79.7 37.7 

Glucose (%) 5 2 3 3 3 3 0 

Other raw materials (%) 0 1 1 1 3 40 1 

Utilities (%) 0 0 0 1 0 0 0 

Depreciation and facility costs (%) 94 97 96 96 94 57 98 

 Scale: 25000 MT y-1 (Biofuels and bulk chemicals) 

E factor 5 5 4 5 5 5 0.3 

purity (% w/w) 99 95 100 100 96 100 5 

Unit cost ($ kg-1) total stream 3.2 4.1 3.8 3.7 5.6 5.3 0.7 

Glucose (%) 78 59 67 68 43 48 19 

Other raw materials (%) 5 24 15 15 42 42 69 

Utilities (%) 4 5 7 6 8 2 1 

Depreciation and facility costs (%) 13 11 12 12 8 8 11 
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3. Results and discussion 

The base cases corresponding to the current state of the art at 25 MT y-1 and 

25000 MT y-1, resulted in unit costs of 49.0 $ kg-1 and 3.2 $ kg-1, respectively (Table 3). The 

unit cost obtained at 25000 MT y-1 is within the range publicly reported (www.amyris.com) in 

2012 and 2015 (9.6 $ kg-1 and 2.15 $ kg-1, respectively). Note that at both scales, unit cost is 

dominated by the fermentation section. At 25 MT y-1 fermentation costs represent 74% of the 

unit cost, already accounting for 36.3 $ kg-1. At 25000 MT y-1 this increases to 99%, or 

3.17 $ kg-1 (see supplementary material).  

3.1. Lowering evaporation rate of sesquiterpene 

The sesquiterpene caryophyllene has a negative spread coefficient S<0, and an 

oil - gas - water contact angle of 56β = ° . In this situation, both L-L-V and L-V transfer routes 

seem feasible (Figure 2). Similar results are expected for other sesquiterpenes based on their 

comparable properties (Table 1). The lower contact angle for dodecane 34β = ° suggests that 

some solvents could promote the spreading of the oil phase onto the gas bubble and 

consequently direct transfer of sesquiterpene from oil to gas phase. Evaporation rates estimated 

at 35 °C, 1 atm, and 1vvm were similar for both routes (Figure 2), ranging from ~g h-1 in 1 m3 

reactors to ~kg h-1 in 1000 m3 reactors. In the simulation of a continuous fermentation these 

rates represented about 1% of the total product (Table 2). However, the current state of the art 

in microbial sesquiterpene fermentations is fed-batch operation. In this case lower 

productivities are achieved (e.g., 0.2 to 0.4 g L-1h-1 [4, 5]) and evaporation could result in 5 to 

10% of product loss. This estimation agrees with reported loss of 3% farnesene in a 2 L scale 

bioreactor operating in fed-batch at 30°C and 1 vvm [6]. 

The addition of 10% v/v of solvent in the bioreactor can reduce the evaporation rate by 

50% (Figure 2; Table 2) but it increases process complexity by requiring more unit operations 

(Figure 1C). The need of an additional distillation column led to higher unit costs (Case 1, 

106.0 $ kg-1 at 25 MT y-1 or 4.1 $ kg-1 at 25000 MT y-1) than recovering the sesquiterpene from 

the off-gas using a condenser (Case 2, 82.4 $ kg-1 /3.8 $ kg-1), or even higher than not recovering 

the sesquiterpene from the off-gas at all (Case 2B, 80.3 $ kg-1 /3.7 $ kg-1) (Table 3).  
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3.2. Enhancing coalescence and creaming of the oil phase 

Sesquiterpenes and dodecane have similar interfacial tension (Table 1), and thus, 

estimated droplet sizes for dispersions of sesquiterpene in water and dodecane in water were 

comparable (Figure 3). In spite of this, adding solvent in the bioreactor results in higher oil 

fraction and lower oil phase density, leading to larger droplet size and lower required 

centrifugation area (Figure 3) for a given recovery percentage. Experimental droplet size values 

were ~50 µm lower than predicted ones and Eq. (3) could only predict experimental data when 

interfacial tension was lowered to about 15 mN m-1. This interfacial tension values are similar 

to data reported for biosurfactants [45], which suggests that residual surfactants were present 

despite the thorough cleaning procedure of the mixing vessel (Figure 3). Although the required 

o/w separation area has probably been underestimated, the required o/w separation areas are 

very small (Table 2). Using the cost-model available in SuperPro Designer™ the economic 

results are not affected unless areas above 10000 m2 are needed, what would correspond to 

droplet sizes smaller than 10 µm. In addition, the disk stack centrifuge accounts for less than 

15% of the total equipment cost, and therefore this underestimation does not have a remarkable 

effect in the overall techno-economic performance. 

3.3. Demulsification of the oil phase by phase inversion 

At 25 MT y-1 commercial demulsifiers like Triton-X114 yielded significant lower unit 

cost (49.0 $ kg-1) than using low-boiling point solvents, like MTBE, as demulsifiers 

(82.4 $ kg- 1) (Table 3). At large scale both alternatives presented similar costs (3.2 $ kg-1 in the 

base case and 3.8 $ kg-1 in case 2), and similar environmental impact in terms of E factor 

( 5 kg waste kg-1 product in both cases). The E-factors of all the analyzed cases are in the order 

of values expected for bulk chemicals [44]. 

Some alternatives to MTBE were proposed. Using dodecane for reducing evaporation 

and for demulsification (Case 3, 84.0 $ kg-1 / 5.6 $ kg-1) could not compete with the base case 

(49.0 $ kg-1 / 3.2 $ kg-1). Although recycling farnesene as solvent in CPI presented lower cost 

(Case 4, 79.7 $ kg-1/ 5.3 $ kg-1) than MTBE or dodecane, it was still less competitive than the 

base case. The main reason is the partial loss of farnesene in the second centrifugation step, 

which requires a considerably amount of farnesene as make-up of the recycle stream. On the 

other hand, enrichment of kerosene with 5% of farnesene (37.7 $ kg-1 / 0.7 $ kg-1) is a promising 

option with lower unit costs than the base case at any scale.  
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Figure 3: Theoretical values of droplet size (A) and required sigma factor (B) for recovering oil 

droplets in a disk stack centrifuge of 30% efficiency and 11 L s-1 capacity as function of oil fraction 

estimated at a constant power input of 2.4 W kg-1  (corresponding to 1.5 kg fermentor, stirring 

rate of 1000 rpm, and 1 vvm of gas flow) compared to experimental droplet size values (indicated 

as markers) at power input ranging from 2.2-2.7 W kg-1  (corresponding to 1.275 L of water and 

different amounts of caryophyllene and dodecane). Potential effect of lowering interfacial tension 

to 15 mN m-1 by surface active components in a caryophyllene/water dispersion is also shown. 

 

A 

B 
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Finally, it is important to remark that this work employed 2 volumes of solvent per 

volume of generated broth, as reported in literature. However, in the studied processes aqueous 

broth and cells are partially removed prior to the CPI. Therefore the actual volume ratios of 

solvent:emulsion are about 10:1, and a possible reduction in solvent cost seems feasible. As an 

example, reducing the amount of solvent by 50% in case 2, leads to 7% of unit cost savings at 

25 MT y-1 and 3% savings at 25000 MT y-1.  

3.4. Impact of scale in techno-economic performance 

The main advantages of using solvent at process scale are: a) reducing product 

evaporation, and consequently glucose consumption; b) avoiding the presence of surfactants in 

the final product; c) enhancing product recovery by reducing o/w separation area in the disk 

stack centrifuge; and eventually d) reducing the power input requirements in the fermentation. 

On the other hand, extra investment in solvent-product separation is needed. 

When a new plant is considered, as in this work, at the small scale typical of the flavors 

and fragrances market equipment cost dominate over operating cost (see Table 3 and 

Supplementary Material). As a result, savings in raw material when reducing product 

evaporation cannot overcome the extra investment in equipment required for solvent-product 

separation (case 1). A solvent-based process can only compete with the current state of the art 

when considering options that do not require extra separation units, like product recycle (case 4) 

or using solvents compatible with final product formulation (case 5). These options did not 

bring any remarkable economic advantage compared to the base case, however they yielded 

higher product purity and resulted in lower environmental impact, respectively (Table 3).  

At larger scales typical of bulk chemicals and fuels, however, unit operating cost are 

significantly reduced. Furthermore, raw materials have a much higher contribution to the costs 

than the equipment (e.g. about 80% in the base case), and consequently, the advantages of using 

solvents in the fermentation become more relevant. In addition, some equipment like distillation 

columns can be operated in continuous mode allowing for a more efficient solvent-product 

separation. As a result, unit costs of solvent-based processes (3.7-5.6 $ kg-1) are comparable 

with the current state of the art (3.2 $ kg-1), or even lower in the context of a kerosene 

enrichment process (0.7 $ kg-1). Larger savings in solvent-based sesquiterpene process would 

require improving the CPI demulsification efficiency, by reducing the required amount of 

solvent and reducing the loss of solvent and product in the aqueous streams of the centrifuges. 
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4. Conclusions 

In this work a solvent-based process for microbial sesquiterpene production was 

evaluated at different scales. Although several simplifications were made, and absolute values 

should be taken with care, trends and comparison among cases are expected to be correct. 

Solvents reduce sesquiterpene evaporation in fermentation and enhance product recovery. 

However, solvent selection should consider compatibility with final product formulations to 

avoid extra separation costs. Further reduction in product recovery costs and environmental 

impact can be achieved in sesquiterpene production by lowering the amount of demulsifiers 

(e.g., solvent, surfactants), or by implementing alternative recovery methods with higher yields 

and less unit operations. 
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Nomenclature 

A Antoine coefficient 
LHα  relative volatility 

B Antoine coefficient 
β  L-L-V contact angle 

DC  drag coefficient 

C Antoine coefficient 
oilC  concentration of sesquiterpene in the oil 

oild  droplet size 

2OC∆  difference in oxygen concentration 

Ge  power input per unit mass 

GF  Gas flow leaving the bioreactor 
φ  volume fraction of oil 
Ф molecular interaction parameter 
g gravitational constant 

wη  viscosity of the continuous phase 

Hk  Henry’s constant 

Lk a  overall mass transfer coefficient 

L liquid phase 
OTR oxygen transfer rate 

vapp  vapour pressure 
vap

ip  vapour pressure of the light key  
vap

jp  vapour pressure of the heavy key 

totP  total pressure 
owP  distribution coefficient between 1-octanol and water 

Q maximum capacity throughput 

lρ  aqueous phase density 

oilρ  oil density 

evapR  evaporation rate 

waσ  surface tension of water 

oaσ  surface tension of oil 

owσ  oil/water interfacial tension 

oaσ  oil/air interfacial tension 

S spreading coefficient 
Σ  sigma factor 
T Temperature 

dv  creaming velocity 

V  Volume 
V Vapour phase 
x  molar composition of oil phase 
ξ  efficiency of the centrifuge 
y  molar fraction in the gas phase 
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Supplementary material: Flow-sheet model parameters 

 

Unless specified otherwise, default values suggested by SuperPro Designer (v 9.5) have been 

used for the simulation. 

 

 

 

Table S1: Prices for raw materials, solvents, demulsifiers and main product. Unless specified 

otherwise, used values are calculated as average of available range values. When more than one 

source is available, used values are calculated as an average.  

 Price ($ MT-1) 

Component References Simulation 

Glucose 350-500 (a) 475 

Ammonium hydroxide 425-851 (b) 774 

Water - 1.20 

Dodecane 2000-4000 (c)  3000 

MTBE 887-1319 (b) 1206 
Non-ionic surfactant Triton x-
114 (Octyl phenol ethoxylate) 

1500-3000 (d) 

900 - 3100 (e) 

2125 

Sesquiterpene 1475000 (f) 

279000 (g) 

279000 

Kerosene 517 (h) 517 

(a) Index Mundi, commodity prices http://www.indexmundi.com/commodities/?commodity=sugar  
(b) ICIS 
(c) AliBaba 
(d) AliBaba price for Nonyl phenol Ethoxylate (Triton N-57) 
(e) AliBaba price for Nonionic surfactant TX-10 
(f) ICIS Price for Sandalwood oil 
(g) value reported by Sigma-Aldrich for mixture of isomers of farnesene (99.9%purity) (March 2015) 
(h) http://ycharts.com/indicators/jet_fuel_spot_price(March, 2015) 1.554 USD gal-1 (0.795 kg L-1)  
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Table S2:  Fermentation overview 

Fermentation: Stoichiometric continuous reactor 

Scale: 25 MT y-1 (Flavors and fragrances, pharma, fine chemicals) 

 Base case Case 1 Case 2 Case 3 Case 4 Case 5 

V(m3) 1.16 1.27 1.16 1.21 1.94 0.06 

Number of units 1 1 1 1 1 1 

T(°C) 35 35 35 35 35 35 

Residence time (h) 25 25 25 25 25 25 

Power input (kW m-3) 2.4 2.4 2.4 2.4 2.4 2.4 

xC15,org (w/w) 1 0.6 1 0.6 1 1 

o/w (v/v) 0.1 0.2 0.1 0.2 0.1 0.1 

Product (g L-1) (a) 100 118 99 100 99 99 

Cells (g L-1) (a) 53 51 53 53 53 53 

Evaporation rate farnesene (g h-1) 24 15 24 15 39 1 

Solvent Na dodecane Na dodecane Na Na 

Evaporation rate solvent (g h-1) Na 75 Na 72 Na Na 

Condenser T(°C) Na Na 15 Na Na Na 

Scale: 25000 MT y-1 (Biofuels and bulk chemicals) 

 Base case Case 1 Case 2 Case 3 Case 4 Case 5 

V(m3) 579 604 581 601 963 64 

Number of units 2 2 2 2 2 1 

T(°C) 35 35 35 35 35 35 

Residence time (h) 25 25 25 25 25 25 

Power input (kW m-3) 2.4 2.4 2.4 2.4 2.4 2.4 

xC15,org (w/w) 1 0.6 1 0.6 1 1 

o/w (v/v) 0.1 0.2 0.1 0.2 0.1 0.1 

Product (g L-1)(a) 100 100 100 100 100 99 

Cells (g L-1) (a) 53 53 53 53 53 53 

Evaporation rate farnesene (kg h-1) 11.8 7.4 11.8 7.3 19.6 1.3 

Solvent Na dodecane Na dodecane Na Na 

Evaporation rate solvent (kg h-1) Na 35.7 Na 35.5 Na Na 

Condenser T(°C) Na Na 15 Na Na Na 

(a) Product concentration aims for 100 g per L of aqueous broth (water, glucose, NH4OH and cells) excluding 
solvent.  
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Table S3: Centrifugation 1 overview  

Centrifugation 1 

Scale: 25 MT y-1 (Flavors and fragrances, pharma, fine chemicals) 

 Base 
case 

Case 1 Case 2 Case 3 Case 4 Case 5 

Limiting oil diameter (µm) 175 207 175 207 175 175 

Oil density (g L-1) 860 817 860 810 860 860 

Exit T(°C) 35 35 35 35 35 35 

Farnesene removal (%) 90 90 90 90 90 90 

ISPR solvent removal (%) Na 90 Na 90 Na Na 

Cells removal (%) 11 19 11 19 11 11 

Aq. removal (%) 3 5 3 5 3 3 

Farnesene top stream (% w/w) 74.5 49.5 74.4 43.7 74.4 74.4 

ISPR solvent top stream (%) Na 27.5 Na 31.3 Na Na 

Biomass top stream (%w/w) 4.8 4.5 4.8 4.9 4.8 4.8 

Aq. Top stream (%w/w) 20.6 18.7 20.6 20.1 20.6 20.6 

Inlet droplet diameter (µm) 175 207 175 175 207 175 

Separation area (m2) 0.02 0.01 0.02 0.01 0.04 0.001 

Scale: 25000 MT y-1 (Biofuels and bulk chemicals) 

 Base 
case 

Case 1 Case 2 Case 3 Case 4 Case 5 

Limiting oil diameter (µm) 175 207 175 207 175 175 

Oil density (g L-1) 860 812 860 812 860 860 

Exit T(°C) 35 35 35 35 35 35 

Farnesene removal (%) 90 90 90 90 90 90 

ISPR solvent removal (%) Na 90 Na 90 Na Na 

Cells removal (%) 11 19 11 19 11 11 

Aq. removal (%) 3 5 3 5 3 3 

Farnesene top stream (% w/w) 74.5 44.5 74.5 44.5 74.5 74.4 

ISPR solvent top stream (%) Na 30 Na 30 Na Na 

Biomass top stream (%w/w) 4.8 4.9 4.8 4.9 4.8 4.8 

Aq. Top stream (%w/w) 20.5 20.4 20.6 20.4 20.6 20.6 

Inlet droplet diameter (µm) 175 207 175 175 207 175 

Separation area (m2) 21 12 21 12 35 1 
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Table S4: Demulsification overview  

Demulsification 

Scale: 25 MT y-1 (Flavors and fragrances, pharma, fine chemicals) 

 Base case Case 1 Case 2 Case 3 Case 4 Case 5 

Demulsifier Triton-
X114 

MTBE MTBE Dodecane Farnesene Kerosene 

T(°C) 60 35 35 35 35 35 

Target concentration(b) 0.5% w/w 2:1 (v/v) 2:1 (v/v) 2:1 (v/v) 2:1 (v/v) 2:1 (v/v) 

Actual conc. (b) 0.5% w/w 1.96:1 (v/v) 2:1 (v/v) 1.99:1 (v/v) 2:1 (v/v) 2:1 (v/v) 

Scale: 25000 MT y-1 (Biofuels and bulk chemicals) 

 Base case Case 1 Case 2 Case 3 Case 4 Case 5 

Demulsifier 
Triton-
X114 MTBE MTBE Dodecane Farnesene Kerosene 

T(°C) 60 35 35 35 35 35 

Target concentration(b) 0.5% w/w 2:1 (v/v) 2:1 (v/v) 2:1 (v/v) 2:1 (v/v) 2:1 (v/v) 

Actual concentration (b) 0.5% w/w 2:1 (v/v) 2:1 (v/v) 2:1 (v/v) 2:1 (v/v) 2:1 (v/v) 

(b) Triton concentration calculated using exit top stream of the centrifuge as reference, based on protocol 
from[1]. Solvent concentration for demulsification calculated using exit stream of fermentation as 
reference, based on lab protocols   
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Table S5: Centrifugation 2 overview  

Centrifugation 2 

Scale: 25 MT y-1 (Flavors and fragrances, pharma, fine chemicals) 

 Base 
case 

Case 1 Case 2 Case 3 Case 4 Case 5 

Limiting solid diameter (µm) 5 5 5 5 5 5 

Solid density (g L-1) 1050 1050 1050 1050 1050 1050 

Exit T(°C) 35 35 35 35 35 35 

Farnesene removal top (%) 98 98 98 98 98 98 

Demulsifier removal top (%) 98 98 98 98 98 98 

ISPR solvent removal top (%) Na 98 Na 98 Na Na 

Cells removal bottom (%) 100 100 100 100 100 100 

Aq. removal bottom (%) 100 100 100 100 100 100 

Separation area (m2) 9.87 176 156 168 260 8.61 

Scale: 25000 MT y-1 (Biofuels and bulk chemicals) 

 
Base 
case 

Case 1 Case 2 Case 3 Case 4 Case 5 

Limiting solid diameter (µm) 5 5 5 5 5 5 

Solid density (g L-1) 1050 1050 1050 1050 1050 1050 

Exit T(°C) 35 35 35 35 35 35 

Farnesene removal top (%) 98 98 98 98 98 98 

Demulsifier removal top (%) 98 98 98 98 98 98 

ISPR solvent removal top (%) Na 98 Na 98 98 98 

Cells removal bottom (%) 100 100 100 100 100 100 

Aq. removal bottom (%) 100 100 100 100 100 100 

Separation area (m2) 9865 168683 155963 165345 258215 8609 
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Table S6: Distillation 1 overview  

Distillation 1 

Scale: 25 MT y-1 (Flavors and fragrances, pharma, fine chemicals) 

 Base 
case 

Case 1 Case 2 Case 3 Case 4 Case 5 

Hold up time (h) Na 24 24 24 Na Na 

X L,D
(d) Na 100 100 98 Na Na 

X H,B
(e) Na 64.5 100 95 Na Na 

V (m3) Na 2.21 1.97 2.11 Na Na 

Scale: 25000 MT y-1 (Biofuels and bulk chemicals) 

 
Base 
case Case 1 Case 2 Case 3 Case 4 Case 5 

T condens (°C) (c) Na 47 47 206 Na Na 

T reboiler (°C) (c) Na 236 259 258 Na Na 

Volatility Farnesene Na 0.3611 1.0000 1.0000 Na Na 

Volatility Dodecane Na 1.0000 Na 2.6300 Na Na 

Volatility MTBE Na 23.4400 49.7108 Na Na Na 

X L,D(d) Na 99.99 100 100 Na Na 

X H,B(e) Na 40.26 99.83 95.51 Na Na 

N (f) Na 25 20 47 Na Na 
(c) T reboiler (averaged boiling point) is used by SPD to calculate relative volatility, T condens is used to 

determine outlet temperature, not for mass or energy balances. 

(d) %w/w of the light component on top 

(e) %w/w of the heavy component on bottom 

(f) Number of distillation stages 
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Table S7:Distillation 2 overview  

Distillation 2 

Scale: 25 MT y-1 (Flavors and fragrances, pharma, fine chemicals) 

 Base 
case 

Case 1 Case 2 Case 3 Case 4 Case 5 

Hold up time (h) Na 24 Na Na Na Na 

X L,D (d) Na 72 Na Na Na Na 

X H,B (e) Na 96 Na Na Na Na 

V (m3) Na 0.19 Na Na Na Na 

Scale: 25000 MT y-1 (Biofuels and bulk chemicals) 

 
Base 
case Case 1 Case 2 Case 3 Case 4 Case 5 

T condens(°C) (c) Na 205 Na Na Na Na 

T reboiler(°C) (c) Na 258 Na Na Na Na 

Volatility Farnesene Na 1.0000 Na Na Na Na 

Volatility Dodecane Na 2.6180 Na Na Na Na 

Volatility MTBE Na 50.2328 Na Na Na Na 

X L,D (d) Na 99.70 Na Na Na Na 

X H,B (e) Na 95.49 Na Na Na Na 

N (f) Na 34 Na Na Na Na 

(c) T reboiler (averaged boiling point) is used by SPD to calculate relative volatility, T condens is used to 

determine outlet temperature, not for mass or energy balances. 

(d) %w/w of the light component on top 

(e) %w/w of the heavy component on bottom 

(f) Number of distillation stages 
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Table S8: Economic parameters  

 Economic parameters 

 Scale: 25 MT y-1 (Flavors and fragrances, pharma, fine chemicals) 

 Base case Case 1 Case 2 Case 2B Case 3 Case 4 Case 5 

purity % w/w 99.3 95.55 100.00 100.00 95.05 100.00 5.47 

unit cost ($ per total kg) 49.01 105.98 82.41 80.29 84.00 52.61 37.67 

unit cost ($ per kg 
farnesene) 

49.33 110.90 82.41 80.29 88.37 52.61 688.66 

Raw materials ($ y-1) 67000 88000 77000 77000 123000 111000 16000 

Of which Glucose ($ y-1) 63034 62316 62983 63463 59986 104699 3472 

Of which solvent ($ y-1) 0 10898 10145 10222 0 0 12467 

Depreciation ($ y-1) 582000 1288000 997000 967000 994000 604000 466000 

Other facility cost ($ y-1) 572000 1267000 980000 950000 977000 593000 458000 

Utilities ($ y-1) 4000 6000 7000 13000 6000 8000 1000 

Total operating costs 
($ y-1) 1225000 2649000 2060000 2007000 2100000 1315000 942000 

 Scale: 25000 MT y-1 (Biofuels and bulk chemicals) 

 Base case Case 1 Case 2 Case 2B Case 3 Case 4 Case 5 

purity % w/w 99.33 95.49 99.83 100.00 95.51 100.00 5.47 

unit cost ($ per total kg) 3.20 4.07 3.76 3.72 5.64 5.18 0.74 

unit cost ($ per kg 
farnesene) 

3.22 4.26 3.77 3.72 5.91 5.18 13.52 

Raw materials ($ y-1) 66745000 84927000 76647000 76935000 119126000 110038000 16135000 

Of which Glucose ($ y-1) 62825623 60335029 62906880 63143211 60178828 104147246 3471864 

Of which solvent ($ y-1) 0 10597850 10181991 10220243 0 0 12467119 

Depreciation ($ y-1) 5214000 5653000 5530000 5503000 5654000 7291000 1065000 

Other facility cost ($ y-1) 5131000 5562000 5441000 5414000 5563000 7173000 1047000 

Utilities ($ y-1) 2951000 5563000 6407000 5142000 10627000 4880000 171000 

Total operating costs 
($ y-1) 

80041000 101705000 94025000 92994000 140969000 129381000 18417000 
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Table S9: Cost breakdown per section in $ per kg  

 Cost breakdown per section 

 Scale: 25 MT y-1 (Flavors and fragrances, pharma, fine chemicals) 

 Base case Case 1 Case 2 Case 2B Case 3 Case 4 Case 5 

Fermentation 36.342 
(74.15%) 

37.237 
(35.14%) 

38.833 
(47.12%) 

36.417 
(45.36%) 

38.761 
(46.15%) 

36.417 
(45.68%) 

25.337 
(67.27%) 

Centrifugation 5.903 
(12.04%) 

5.902 
(5.57%) 

5.903 
(7.16%) 

6.202 
(7.72%) 

5.902 
(7.03%) 

5.902 
(7.40%) 

5.901 
(15.67%) 

Demulsification 6.764 
(13.80%) 

6.432 
(6.07%) 

6.398 
(7.76%) 

6.401 
(7.97%) 

5.994 
(7.14%) 

37.396 
(46.91%) 

6.427 
(17.06%) 

Distillation Na 56.404 
(53.22%) 

31.273 
(37.95%) 

31.271 
(38.95%) 

33.340 
(39.69%) 

Na Na 

 Scale: 25000 MT y-1 (Biofuels and bulk chemicals) 

 Base case Case 1 Case 2 Case 2B Case 3 Case 4 Case 5 

Fermentation 
3.173 

(99.10%) 
3.506 

(86.18%) 
3.232 

(85.93%) 
3.189 

(85.73%) 
5.296 

(93.91%) 
3.194 

(60.18%) 
0.226 

(30.65%) 

Centrifugation 
0.006 

(0.19%) 
0.006 

(0.15%) 
0.006 

(0.16%) 
0.006 

(0.16%) 
0.006 

(0.11%) 
0.006 

(0.11%) 
0.006 

(0.80%) 

Demulsification 0.023 
(0.71%) 

0.459 
(11.29%) 

0.441 
(11.73%) 

0.443 
(11.91%) 

0.132 
(2.34%) 

2.107 
(39.71%) 

0.505 
(68.54%) 

Distillation Na 0.097 
(2.38%) 

0.082 
(2.18%) 

0.082 
(2.21%) 

0.205 
(3.64%) 

Na Na 
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Table S10: Main equipment cost breakdown  

 Main equipment cost breakdown 

 Scale: 25 MT y-1 (Flavors and fragrances, pharma, fine chemicals) 

 Base case Case 1 Case 2 Case 2B Case 3 Case 4 Case 5 

Fermenter ($) 601000 609000 602000 602000 604000 646000 451000 

Centrifuge 1 ($) 101000 101000 101000 101000 101000 101000 101000 

Centrifuge 2 ($) 101000 101000 101000 101000 101000 101000 101000 

Distillation 1 ($) 0 568000 560000 560000 597000 0 0 

Distillation 2 ($) 0 442000 0 0 0 0 0 

Condenser ($) 0 0 31000 0 0 0 0 

Oil separator ($) 0 0 10000 0 0 0 0 

        
Total equipment 
cost ($ ) 1021000 2276000 1756000 1705000 1754000 1060000 816000 

 Scale: 25000 MT y-1 (Biofuels and bulk chemicals) 

 Base case Case 1 Case 2 Case 2B Case 3 Case 4 Case 5 

Fermenter ($) 7184000 7360000 7200000 7216000 7338000 9676000 1301000 

Centrifuge 1 ($) 101000 101000 101000 101000 101000 101000 101000 

Centrifuge 2 ($) 101000 439000 421000 422000 434000 553000 101000 

Distillation 1 ($) 0 41000 60000 61000 147000 0 0 

Distillation 2 ($) 0 76000 0 0 0 0 0 

Condenser ($) 0 0 44000 0 0 0 0 

Oil separator ($) 0 0 10000 0 0 0 0 

        
Total equipment 
cost ($) 9250000 10021000 9794000 9750000 10025000 12913000 1879000 
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Table S11: Liquid waste stream composition 

 Liquid waste stream composition 

 Scale: 25 MT y-1 (Flavors and fragrances, pharma, fine chemicals) 

 
Base 
case 

Case 1 Case 2 Case 2B Case 3 Case 4 Case 5 

From Centrifugation 1        

Farnesene (%) 1.2 1.4 1.2 1.2 1.2 1.2 1.2 

Biomass (%) 1.7 5.0 5.4 5.4 5.0 5.4 5.4 

Solvent (%) 0 0.8 0 0 0.8 0 0 

Water (%) 92.9 92.2 92.9 92.9 92.4 92.9 92.9 

Total mass flow  
(kg h-1) 

30.8 30.0 31.1 31.3 28.8 51.3 1.7 

From Centrifugation 2        

Farnesene (%) 5.5 2.5 2.9 2.9 2.7 54.2 2.8 

Biomass (%) 17.8 11.5 9.3 9.3 11.4 8.6 9.1 

Solvent (%) 0 37.1 47.8 47.8 38.4 0 48.7 

Water (%) 76.2 47.3 39.8 39.8 47.2 37.0 39.1 

Total mass flow  
(kg h-1) 1.6 3.1 2.2 2.6 3.0 4.0 0.1 

 Scale: 25000 MT y-1 (Biofuels and bulk chemicals) 

 
Base 
case 

Case 1 Case 2 Case 2B Case 3 Case 4 Case 5 

From Centrifugation 1        

Farnesene (%) 1.2 1.2 1.2 1.2 1.2 1.2 1.2 

Biomass (%) 5.4 5.0 5.4 5.4 5.0 5.4 5.4 

Solvent (%) 0 0.8 0 0 0.8 0 0 

Water (%) 92.9 92.4 92.8 92.9 92.4 92.9 92.9 

Total mass flow 
(kg h- 1) 

30677 28983 30818 30934 28906 51022 1700 

From Centrifugation 2        

Farnesene (%) 5.5 2.1 2.9 2.9 2.1 54.2 2.8 

Biomass (%) 17.8 11.5 9.3 9.3 11.4 8.6 9.1 

Solvent (%) 0 38.5 47.8 47.7 38.9 0 48.7 

Water (%) 76.2 47.5 39.8 39.8 47.3 37.0 39.1 

Total mass flow 
(kg  h- 1) 

1156 2967 2221 2230 2975 3963 124 
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Table S12: Experimental and reported values of surface tension (σoa) and interfacial tension 

interfacial tension (σow) for sesquiterpenes, common solvents and surfactants used in laboratory 

protocols for microbial sesquiterpene production. 

 oaσ (mN m-1) owσ (mN m-1) 
Example in 
literature 

Santalene 36 (a)   

Caryophyllene 30(a) 31(b) 50.5(e)  

Farnesene 26 (a)   

Amorphadiene 26 (a)   

Dodecane 25.5(b) 

25.35 (d) 
49.9(c) 

52.8 (e) 
[2] 

MTBE 18.70 (f) 10.5 (g) [3] 

Triton x-114 31 (h) - [1] 

(a) ACD/Labs Percepta Platform - PhysChem Module 
(b) Experimentally determined in this work at room temperature 
(c) Estimated from experimental results using [4] 
(d) Data_Physics_Instruments_GmbH (2015) @20 °C 
(e) Demond and Lindner [5] (Temperature not reported) 
(f) Montaño, Bandrés [6] @20 °C 
(g) Hickel, Radke [7] (Temperature not reported) 
(h) Triton X-114 Technical Data Sheet. DOW  

 

 

 

 

Table S13: Antoine coefficients for different solvents and sesquiterpenes to determine their 

vapour pressure in the distillation. Log Base 10, pressure in mmHg and T (bottom temperature 

of the distillation column) in K. 

Component A B C Source 

Dodecane 6.9979 1639.2700 -91.3600 SuperPro Designer database (v. 9.5)  

MTBE 6.8500 1103.7300 -50.5000 SuperPro Designer database (v. 9.5)  

Farnesene 6.9898 1798.9000 -96.3500 [8] 
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Chapter 4. Organic phase emulsification limits oxygen transfer 

enhancement in multiphase fermentations for the production of 

advanced biofuels and chemicals 

 

Abstract 

In fermentations where a hydrophobic liquid is produced and/or solvent is added for in-

situ product removal, droplets are dispersed in the broth due to the mixing in the reactor. In 

aerobic fermentations, these droplets can interact with the gas bubbles generating additional 

oxygen transfer routes across the oil phase. However, there is no agreement yet in literature 

about the role of oil phase in oxygen transfer enhancement.  

In this work, oxygen transfer was studied in fermentations with wild-type and 

sesquiterpene-producing Escherichia coli at varying oil fractions of hexadecane and dodecane. 

Experimental Lk a was compared to a mathematical model based on growth kinetics and a 

mixed transfer route across dispersed droplets and droplets covering bubble surface. The degree 

of Lk a enhancement upon oil addition was dependent on the transfer route and decreased along 

the fermentation age. Contrary to literature results, Lk atrends were not correlated to changes 

in power input, oil fraction, or cell concentration, but could be explained by reduced bubble-

droplet and droplet-droplet interactions due to droplet stabilization. These results present 

evidence, for the first time, that surface active components present in the broth can limit the 

impact of oxygen vectors in Lk aenhancement, bringing a new perspective on oxygen transfer 

in multiphase fermentations.  

 

 

 

This chapter has been submitted as:  

Pedraza-de la Cuesta, S., van Houten, C., Feskens-Snoeck, F., van der Wielen, L.A.M., Cuellar, M.C. 

Organic phase emulsification limits oxygen transfer enhancement in multiphase fermentations 
for the production of advanced biofuels and chemicals 
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1. Introduction 

In multiphase fermentations a product secreted by the microbial cells forms a second 

phase in the aqueous broth and/or a solvent is added to recover the product. Multiphase 

fermentations are very common in the production of long-chain hydrocarbons for biofuels and 

chemicals, e.g. microbial production of alkanes [1]; microbial production and bioconversion of 

sesquiterpenes [2, 3]. Sesquiterpenes are C15 isoprenoids which traditionally have been 

extracted from plants because of their medical, flavor and fragrance properties. Production of 

sesquiterpenes using modified microorganisms is a promising alternative to overcome the 

scarcity of raw material for plant extraction, while reducing process cost. Genetically 

engineered strains of Escherichia coli and Saccharomyces cerevisiae can produce extracellular 

sesquiterpenes in aerobic fermentations, reaching titers in the order of g L-1 [2, 3]. Several 

companies are currently working on the process scale-up and commercialization of microbial 

sesquiterpenes for diverse applications such as advanced biofuels, antimalarial drugs, or flavors 

and fragrances. 

The current sesquiterpene productivities between 0.2 and 0.4 g L-1 h-1 achieved in fed-

batch operation [2, 3] require high cell density fermentations to meet up product titers. This 

implies a large concentration of cells, cell debris and extracellular proteins, all with surface 

active properties [4]. Due to the turbulent conditions required for fermentation, the 

hydrophobic, light organic phase is dispersed in small droplets and stabilized by such surface 

active components (SACs). Surfactants are normally added after the fermentation to break the 

emulsion and enhance the product recovery [5]. Alternatively, solvents like dodecane can be 

added in the reactor reducing product evaporation [6-9], while enhancing recovery [10]. Some 

authors claim that increasing the oil fraction in the system by adding solvents can enhance 

oxygen transfer in sesquiterpene fermentations [11]. Oxygen supply is typically one of the main 

limiting factors in the scale-up of aerobic fermentations [12]. This is particularly relevant in 

sesquiterpene fermentations which have a high oxygen demand [13]. Oxygen limitation in the 

reactor broth can lead to lower productivity and to a higher degree of emulsification, by 

increasing the level of SACs due to cellular stress [14]. Although oxygen transfer in multiphase 

systems has been extensively studied in literature (e.g.,[15-20]), several results are 

contradictory and do not allow to predict what the net effect of the oil phase would be [16, 21]. 
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In aerobic fermentations, air bubbles are sparged into the aqueous medium to provide 

oxygen for the microorganisms. The oxygen transfer rate (OTR) depends on the liquid mass 

transfer coefficient (Lk ), the volumetric transfer area (a ), the difference between the oxygen 

concentration and its equilibrium value ( ),w eq wC C− , and the system volume (V ). 

( ),L w eq wOTR k a C C V= ⋅ ⋅ − ⋅  (1) 

The presence of a second liquid phase in the reactor can affect the OTR in different 

manners. In first place, droplets can coalesce with bubbles and spread on their surface. This can 

reduce the overall transfer coefficient Lk  by creating an additional transfer barrier (Figure 1). 

On the other hand, solubility of oxygen in hydrocarbons is higher than in water. The solubility 

of oxygen in the broth could be increased by about 2 times in the presence of a hydrocarbon 

phase (e.g. sesquiterpenes and/or a solvent) (Table 1). In addition, droplets can act as oxygen 

vectors increasing the available transfer area a . All these mechanisms are greatly affected by 

the interfacial tension between gas, oil and aqueous medium. Consequently, the net effect of 

the oil phase in the oxygen transfer could be affected by the presence of SACs in the medium.  

The aim of this work is to elucidate the impact of an oil phase in the oxygen transfer in 

microbial sesquiterpene fermentations. In addition, this research studies the applicability of 

solvents like dodecane and hexadecane as oxygen vectors. For these purposes, Lk a was 

experimentally determined in four fermentations under different conditions of oil concentration, 

type of oil, cell concentration and volumetric power input (Table 2). In addition, Lk a was 

modelled using cell growth kinetics and assuming parallel oxygen transfer across gas/oil/water 

(g/o/w) and gas/water (g/w) interfaces. Model and experimental results were compared to 

literature data on dispersions (hexadecane in water [18], and dodecane in water containing 

quiescent cells [15]), and the most probable transfer routes along the fermentation were 

identified. 
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Table 1 Partition coefficient, mass transfer coefficient and oxygen solubility for gas-oil-water 

(g/o/w) systems. (a)hexadecane, (b)dodecane, (c)sesquiterpenes, and (d) heptane. 

Parameter Value Unit Remark 

Partition coefficient   

/o wm  6.2(a) mol/mol Calculated from log P [22] 

/g wm  36.5(a) mol/mol Calculated from Henry coefficient at 35°C, 
1atm, and 21% oxygen in air [23] 

/g om   3.8(a) 
2.8(b) 

mol/mol Calculated from Henry coefficient for 
hexadecane at 25°C, 1atm, and 21% oxygen 
in air [24] corrected for dodecane [25]. 

Mass transfer coefficient   

ok  
0.060(d) 
0.03-0.10(c) 

m/h [26](a) 
[27](c) 

wk  0.108 m/h [26] 

/o wk  0.084(a) m/h Calculated from Eq. 3 

Oxygen solubility    

, _ /o eq g oC  2.23(a) 
3.06(b) mol-O2/m3-oil Calculated from /g om  

, _ /w eq g wC  0.23(a) mol-O2/m3-water Calculated from /g wm  

, _ / /w eq g o wC  0.36(a) 
0.50(b) 

mol-O2/m3-water Calculated from /g om  and /g wm  
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Table 2 Summary of the experiments indicating fermentation periods selected for this study, their 

range in cell concentration, volumetric power input, and their averaged oil concentration. 

ID Solvent Microorganism period 
Time 
(h) 

Cell 
concentration 

(g·L-1) 

P·V-1  
(W·m-3) 

Oil 
fraction 
(%v/v) 

F01 - E. coli K12 1 29-49 17→39 4000→3500 0 

F02 Hexadecane E. coli K12 1 29-49 14→47 4000→3500 7.5±0.2 

F03 Dodecane rec-E. coli 

1 45-64 30→39 8500→6500 6.3±0.5 

2 65-92 39→45 8000→5500 4.7±0.4 

3 95-107 45→33 7000→6000 3.6±0.1 

F04 Dodecane rec-E. coli 
1 24-59 20→36 9000→6500 8.5±1.2 

2 65-85 37→30 8500→6500 5.5±0.5 
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2. Theoretical Background 

2.1. Transfer mechanisms in multiphase fermentations 

In multiphase fermentations droplets of immiscible product and/or solvent can interact 

with gas bubbles affecting the oxygen transfer mechanisms (Figure 1). Droplet-bubble 

interactions are influenced by operational parameters (e.g. agitation, aeration rate, and oil 

concentration) and physical properties like the interfacial tension (σ ) between the gas, oil, and 

water phases. Interfacial tension is responsible for the spreadability of the oil on the bubble 

surface and determines the oil-gas contact angle (θ ) [28]: 

( )2 2 2cos( ) ( ) ( ) ( ) / (2 )wa ow oa ow oaθ σ σ σ σ σ= − − ⋅ ⋅  (2) 

Droplets can fully spread on the bubble surface forming a thin oil layer (θ=0°). Rols and 

Goma [20] proposed that the liquid mass transfer coefficient across the gas-oil-water (g/o/w) 

interface ( owk ) is lower than the one across gas-water (wk ) due to the additional oil resistance 

transfer layer (Figure 1B). The resulting owk  depends on the transfer coefficients of the aqueous 

( wk ) and oil phase (ok ) and the oxygen partition coefficient between oil and water phase 

( /o wm  ).  

 
/ /

1 1 1

o w w o w ok k m k
= +

⋅
 (3) 

Droplets can also partially cover the bubble forming beads on its surface (θ <90°). Some authors 

[29] consider a degree of oil coverage (β) to account for the ration between gas surface covered 

by oil beads ( /g oa ) and the total gas area available (ga ). 

 /g o

g

a

a
β =  (4) 

The gas surface in contact with water (/g wa ) is therefore:  

 / (1 )g w ga aβ= − ⋅  (5) 
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Figure 1 [A] three different scenarios for interactions between gas-oil-water (g/o/w) phases. 

Depending on the g/o contact angle (θ), oil droplets can spread on the bubble surface forming a 

thin layer θ=0°, partially spread on the bubble surface forming beads θ<90°; mostly remain 

dispersed in the aqueous medium θ>90°. [B] Depending on the interaction, oxygen can be 

transferred from the bubble to the aqueous medium via oil phase (left) or directly across the 

bubble surface (right). Due to the higher solubility of oxygen in hydrocarbons, the solubility of 

oxygen in water can be increased in the presence of oil.  

[B] 

θ>90° θ<90° θ=0° 

[A] 

Gas Oil Water Water      Gas  

O2 transfer O2 transfer 

gC

, _ / /w eq g o wC

wC

, _ / /o eq g o g o gC m C= ⋅

, _ /w eq g wC

gC

wC

, _ /o eq o wC

/g oA /o wA
/g wA
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Oil droplets rich in oxygen can be sheared from the bubble and dispersed again in the 

aqueous phase becoming an additional source of oxygen transfer area ( /o waα ⋅ ). This is the case 

if a gas bubble leaves the liquid system [20], or if the oil layer covering the bubble becomes too 

thick and is sheared-off due to the mixing [30]. Even if droplets remain mostly dispersed in the 

aqueous medium (θ >90°) (Figure 1A), they can still play a role in the oxygen transfer. Droplets 

are typically 100 times smaller than the bubbles [31]. They can enter the stagnant aqueous layer 

around the bubble which is rich in oxygen and carry it to a region poor in dissolved oxygen. 

This mechanism is known as shuttle effect [30, 32-34]. Some authors account for the effect of 

the dispersed oil droplets rich in oxygen by multiplying the available oil volumetric area (/o wa  ) 

by an enhancement factor (α ) related to the degree of mixing in the dispersed oil phase and the 

renewal of g/o surface [30].  

 ( )/ / / / ,( )g o w o w o w w eq w wOTR k a C C Vα= ⋅ ⋅ ⋅ − ⋅  (6) 

This enhancement is influenced by operational parameters such as power input (usually 

provided via agitation and/or aeration), and oil concentration.  

2.2. Characterization of oxygen transfer via Lk a  measurements 

Due to experimental limitations to determine them separately, the parameters Lk  and a

are usually lumped as the volumetric mass transfer coefficient Lk a. When using this parameter 

to compare results from different studies, the following aspects must be considered: 

• Measurement method: Lk a can be measured by stationary or dynamic methods [35]. 

In steady-state fermentations (e.g. continuous fermentations) Lk a can be determined by 

monitoring the concentration of oxygen dissolved in the aqueous medium (wC ) and in the gas 

out-flow stream (
2

out
Oy ). This method, known as stationary, can also be applied to fed-batch 

fermentations, if the oxygen concentration is in a pseudo-steady state ( ~ 0wdC dt ), which 

typically happens at low growth rates. 

 ( )
2 2,

in in out out
L w eq w G O G Ok a C C V F y F y− = ⋅ − ⋅  (7) 

 ( )
2 2

,

in in out out
G O G O

L

w eq w

F y F y
k a

C C V

⋅ − ⋅
=

−
 (8) 
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When (pseudo)steady-state condition does not apply, or the concentration of oxygen in 

the gas-outlet cannot be determined, an alternative dynamic method can be used instead. In this 

method, the medium is first depleted from oxygen by sparging nitrogen. Afterwards the gas 

inflow is changed to air. Lk a can be calculated by integrating the oxygen balance in the aqueous 

phase: 

 ( ),
w

L w eq w

dC
k a C C

dt
− =  (9) 

 

, ,0

,

0

ln w eq w

w eq w
L

C C

C C
k a

t t

−
−

=
−

 (10) 

As pointed out by [36], results obtained from one or other method might be contradictory, 

since the dynamic method does not account for interaction of cells with bubbles.  

• Calibration of dissolved oxygen probe: The output of the dissolved oxygen probe 

measurement is typically given as a percentage of the oxygen saturation values in the medium. 

 ,(%)w w eqC DOT C= ⋅  (11) 

Solubility of oxygen in alkanes is 10 times higher than in water (Table 2). The presence 

of a hydrocarbon phase can increase the oxygen concentration in the medium, and therefore it 

should be reported whether the calibration of the oxygen probe is performed before or after oil 

addition.  

• Saturation value of oxygen: There are different definitions for the value of equilibrium 

concentration of oxygen in water (,w eqC ) required for calculating wC  and Lk a. Besides using 

the saturation values based on g/w equilibrium (Eq. 12), or g/o/w equilibrium (Eq. 13), some 

authors propose estimating a volumetric average aiming to represent an oil-water mixture [19] 

(Eq. 14). 

 , , _ / /w eq w eq g w g w gC C m C= = ⋅  (12) 

 , , _ / / / /w eq w eq g o w g o o w gC C m m C= = ⋅ ⋅  (13) 

 ( )( ), , _ / /1w eq w eq averaged o g o o g w gC C m m C= = Φ ⋅ + − Φ ⋅ ⋅  (14) 
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3. Materials and methods 

3.1. Strains and pre-culture 

Pre-cultures of the wild type strain Escherichia coli K12 (MG1655) were prepared as 

indicated in [14]. Pre-cultures of the sesquiterpene-producing strain Escherichia coli Bl21(DE3) 

were cultivated in two steps. The first pre-culture was incubated for 15 hours at 34°C and 

200 rpm in a 250 mL shake flask containing 50 mL of LB-medium, 0.050 g L-1 carbenicillin, 

and 0.034 g L-1 of chloramphenicol. The second pre-culture was inoculated with first pre-

culture reaching an initial optical density of 0.2 and incubated for 8 hours at 34°C and 200 rpm 

in a 500 mL shake flask containing 200 mL of LB-medium, 0.050 g L-1 carbenicillin, 

0.034 g L- 1 of chloramphenicol, and 0.0045 g L-1 of Thiamine·HCl.  

3.2. Fermentation medium 

100 g of E. coli K12 pre-culture was inoculated in 900 g of sterile fermentation medium 

prepared as indicated in [14]. 

100 g of recombinant E. coli Bl21(DE3) was inoculated in 2000 g of medium sterilized 

by filtration (0.2 μm). The composition of this medium was: 4.2 g kg-1 KH2PO4, 1.68 g kg-1 

K2HPO4, 2 g kg-1 (NH4)2SO4, 1.7 g kg-1 citric acid, 0.0084 EDTA, 5 g kg-1 yeast extract, 

30  g kg-1 glycerol, 0.30 g kg-1 trace metal solution (of composition: 10 g kg-1 Fe(III)citrate, 

0.25  g kg-1 CoCl2·6H2O, 1.5 g kg-1 MnCl2·4H2O, 0.118 g kg-1 CuCl2·2H2O, 0.3 g kg-1 H3BO3, 

0.25 g kg-1 Na2MoO4·2H2O, and 1.3 g kg-1 Zn(CHCOO)2·2H2O), 1.23 g kg-1 MgSO4·7H2O 

(1M aqueous solution), 0.1 g kg-1 carbenicillin, 0.017 g kg-1 Chloramphenicol, and 

0.0045 g kg- 1 Thiamine·HCl. Prior to inoculation and addition of antibiotics and vitamine, pH 

was adjusted to 7.0 with NaOH 4M.  

3.3. Equipment set up 

The experimental set up for the experiments F01 and F02 with wild type E. coli K12 

(Table 2) consisted of a 2 L jacketed reactor (Applikon, The Netherlands), working in fed-batch 

mode under glucose limitation. Fermentations were performed at an aeration rate of 

1.5 nL min- 1 controlled by a mass flow controller (Brooks, United states), and stirred with a 6-
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blade Rushton impeller of 45 mm diameter at speed of 1000 rpm. The temperature was set to 

35°C and the pH was maintained at 6.5 by adding acid (2M H2SO4) and base (NH4OH 25%v/v). 

Fermentation settings were controlled by a ADI-1030 controller (Applikon, The Netherlands). 

Foam was controlled by manual addition of an aqueous solution of 10% v/v antifoam 

Erol - DF7911K (PMC Ouvrie, France) up to a maximum of 30 g. After approximately 9 h of 

fermentation, glucose was consumed, and the DOT increased indicating the end of the batch 

phase. At that point, a glucose solution containing 700 g L-1 C6H12O6∙1H2O, 20 g L-1 

MgSO4∙7H2O, 0.045 g L-1 Thiamine∙HCl, and the same trace metal concentration as in the batch 

medium, was fed into the bioreactor using a Masterflex peristaltic pump (Cole Parmer, United 

States). During the analyzed period (29-49 h) the feed rate was kept constant at a rate of 

6.5 ± 0.4 g h-1. 

The experimental set up for the experiments F03 and F04 with recombinant 

E. coli Bl21(DE3) consisted of a 7 L jacketed reactor (Applikon, The Netherlands), working in 

fed-batch mode under glycerol limitation. Fermentations were performed at an aeration rate of 

2.0 nL min-1 controlled by a mass flow controller (Brooks, United states), and stirred with a 

6 - blade Rushton impeller of 84 mm diameter at speed of 500 rpm during the batch phase 

(0 - 19h), 750 rpm before induction (19 - 22 h), and 600 rpm afterwards. The temperature was 

set to 30°C at the beginning of the fermentation and lowered to 25°C after 22 hours, just before 

induction; the pH was maintained at 7.0 by adding acid (3M H3PO4) and base (5M NH4OH). 

Fermentation data acquisition and control were carried out by a DCU system and a computer 

system running Multi Fermentor Control System /Windows. 

 Foam was controlled by manual addition of an aqueous solution of 10% v/v antifoam 

Erol-DF7911K (PMC Ouvrie, France). After approximately 19 h of fermentation, glycerol was 

consumed, and the DOT increased indicating the end of the batch phase. At that point, a glycerol 

solution containing 0.013 g kg-1 EDTA, 233.33 g kg-1 glycerol, 10 g kg-1 of trace metal solution 

(with same composition as the one used to prepare batch medium), and 12.3 g kg-1 

MgSO4·7H2O (1M aqueous solution), was fed into the bioreactor using a Masterflex peristaltic 

pump (Cole Parmer, United States) at a value of 36.2 ±1.1 g h-1.  

At a fermentation age of 22 h the temperature was lowered to 25°C and cells were 

induced with 10 mL of aqueous solution containing 0.06 g of IPTG. At 25 h dodecane was 

added to the medium (153 g dodecane in F03; 190 g dodecane in F04). Large volumes of 

fermentation broth were drawn from the reactor to allow for the evaluation of different cell and 
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oil concentration under the same range of volumetric power input. In F03 461g of broth was 

removed at a fermentation age of 65h (start of period 2), and 717 g was removed at a 

fermentation age of 95h (start of period 3). In F04 822g was removed at a fermentation age of 

63h (start of period 2) (Table 2).  

3.4. Analyses 

1.5 mL vials containing 1mL of broth were weighed and set in a centrifuge (Heraeus, 

Biofuge Pico) at 13000 rpm for 10 min. In samples containing a layer of oil, a cotton tip was 

used to remove the oil and clean the vial walls. Afterwards, supernatant was discarded. The 

vials containing the cell pellet were dried in an oven (Heraeus instruments) at 70 °C for 48 h 

and weighed to determine the cell concentration in the reactor (as cell dry weight). 

DOT was measured by a dissolved oxygen sensor (Applikon, The Netherlands; Mettler 

Toledo, The Netherlands). The probe was calibrated with nitrogen (0% DOT) and air (100% 

DOT) before oil addition in F01, F03, and F04, and in the presence of hexadecane in F02. The 

CO2 and O2 concentrations in the bioreactor off-gas and in pressurized air were analyzed by a 

Rosemount NGA-2000 gas analyzer (Fisher Rosemount, Germany). pH and temperature were 

measured by sensors (Applikon, The Netherlands). Feed rate was continuously monitored with 

a balance (Mettler Toledo, The Netherlands). DOT, concentrations of CO2 and O2 in the off gas 

and in pressurized air, pH, temperature and feed weight were continuously recorded with a 

MFCS/Win 2.1 software (Sartorius Stedim Biotech S.A., France). 

Lk a was determined by the stationary method using DOT and off-gas O2 concentration 

data (Eq. 8). Based on the DO-probe calibration method indicated above, , _ /w eq g wC  was used as 

solubility value in F01, F03, and F04 (Eq. 12), and , _ / /w eq g o wC  was used in F02 (Eq. 13). 

3.5. Kinetic model for estimation of cell concentration and oxygen consumption rate 

Cell growth in the fed-batch phase was predicted using the kinetic growth model for 

E. coli K12 described in [14]: 

/( ) / ( ) ( ) ( )X X X S S X X SR dM t dt t M t F m M t Yµ= = ⋅ = − ⋅ ⋅  
(15) 

In a similar way, the oxygen consumption rate was estimated using 

max
2Oq  = 15.6 mmolO2∙g-1∙h-1 , 

2Om =0.03 molO2∙/C-molX-1∙h-1 and maxµ =0.71 h-1 based on [37] 

and [38]. 
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2

max
2 2( ) ( ) ( ) ( )O O X O XR t q t M t m M tµ= ⋅ ⋅ + ⋅  (16) 

3.6. Estimation of droplet and bubble surface 

Oil and gas specific areas (ia ) were determined from their respective volumetric fractions 

( iφ ) and the particle diameter (id ), assuming a monodisperse droplet population. 

 
6

1
i

i
i i

a
d

φ
φ

 
= ⋅ − 

 (17) 

The gas volumetric fraction (also known as gas hold-up) was estimated, as suggested by 

[39], from the volumetric power input (/P V ) and the superficial gas velocity (GSv ): 

 ( ) 21
330.13 /g GSP V vφ = ⋅ ⋅  (18) 

 

With the power input for an aerated stirred vessel estimated as [40]:  

 
0.25
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1 9.9p w imp in
imp
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P N N D

D
ρ

 
= ⋅ ⋅ ⋅ ⋅ − ⋅Φ ⋅  

 
 (19) 

Droplet diameter estimations in literature are typically based in equilibrium between 

rates of droplet coalescence and break up [41]. In a high cell density fermentation, it could be 

expected that the equilibrium is shifted towards the small size droplets due to the presence of 

SACs. For this reason, the oil droplet size was approximated to the minimum stable droplet 

diameter as already described in [14]. Also bubble correlations based in oil/water systems 

predict larger bubbles sizes than those reported by other authors working with multiphase 

fermentation broths [31, 42]. Therefore, the specific volumetric gas area was estimated from 

the experimental Lk a of the base case without oil F01 (Eq. 8, Eq. 20) and reported values of 

wk  (Table 1). The bubble diameter was derived afterwards from (Eq. 17).  

 L

w

k a
a

k
=  (20) 
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3.7. Mass transfer model for dissolved oxygen tension (DOT) profile and Lk a  

Based on the model by [29], the overall oxygen transfer rate from gas bubbles to aqueous 

phase (OTR) was assumed to be the sum of oxygen transferred via the oil phase ( / /g o wOTR ), 

and via the bubble surface non-covered by oil ( /g wOTR ).  

 ( ) ( )/ / , / , _ /( ) (1 )o w o w w eq w w g w g w eq g w w wOTR k a C C V k a C C Vα β= ⋅ ⋅ ⋅ − ⋅ + ⋅ − ⋅ ⋅ − ⋅  (21) 

The overall g/o/w mass transfer coefficient (/o wk ) is estimated from the individual mass 

transfer coefficients of oil and water (Eq. 3) (Table 1). To account for the effect of the dispersed 

oil droplets as oxygen vectors, the available oil volumetric area ( /o wa ) is multiplied by by an 

enhancement factor (α ) (Eq. 6). In the absence of oil α =0, while in the case that oxygen would 

be transferred across a thin oil layer covering the total bubble area /g o wa aα = .  

The second right-hand term of Eq. 21 represents the oxygen transferred via g/w across 

the bubble surface that is not covered by oil. The overall g/w mass transfer coefficient (/g wk ) is 

equivalent to the individual mass transfer coefficients in water wk (Table 1). A coverage factor 

( β) accounts for the ratio of gas area covered by oil beads ( /g oa ) and the total gas area available 

(Eq. 4).  

The mass transfer coefficients, and equilibrium solubilities required for Eq. 21 were 

taken from literature data for hexadecane, dodecane and sesquiterpenes (Table 1). The oxygen 

concentration in water (wC ) was calculated from the DOT experimental data (Eq. 11). 

Assuming a pseudo steady state ( 2~ OOTR R ), the DOT profile in the fermentation can 

be derived from Eq. 11, Eq. 16 and Eq. 21: 

 / , / , 2

/ /

( ) (1 ) ( ) /

( ) (1 )
o w o w eq g w g w eq O w

w
o w o g w g

k a C k a C R t V
C

k a k a

α β
α β

⋅ ⋅ ⋅ + ⋅ − ⋅ ⋅ −
=

⋅ ⋅ + ⋅ − ⋅
 (22) 

Finally, Lk a was estimated from Eq. 22, Eq. 8, and Eq. 16.  
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4. Results 

The stationary method (Eq. 8) was used to determine Lk a values in fermentations of 

E. coli K12 without oil (F01) and in the presence of 7.5±0.2 %v/v hexadecane (F02) (Table 3). 

The maximum solubility of oxygen in water was estimated as 0.23 mol-O2 m-3-water in F01 

(Eq. 12) and as 0.36 mol-O2/m3-water in F02 (Eq. 13) (Table 1). In agreement, F02 presented 

a higher DOT (%) than the base case F01 (Figure 2) and Lk a was also significantly higher 

(p - value t-test <0.05), resulting in a ca. 12% improvement. Note that an incorrect ,w eqC  

estimate would erroneously suggest improvements up to 72% (Table 3).  

Experiment F01 allowed to estimate the bubble diameter as 0.15 mm (Eq. 17, Eq. 20) 

from the experimental Lk a (Table 3) and a reported wk  of  0.108 m∙h-1 (Table 1). This diameter 

was used as reference for all the calculations in this work, including those corresponding to 

fermentations in the presence of oil. 

 

Table 3 Lk a  values for different assumptions on oxygen solubility. Experimental values were 

determined by the static method in fed-batch fermentations of wild type E. coli K12 without oil 

(F01) and in the presence of 7.5±0.2% v/v hexadecane (F02). The parameters used to model Lk a  

values were: α=0, β=0, and bd =1.5 mm in F01; α=0.3, β=0.5, and bd =1.5 mm in F02. For F02, 

Lk a  calculations with varying ,w eqC  estimates (Eq. 17 - Eq. 18) have been included for 

comparison. 

 
,w eqC  

(mol- 2O ·m-3-water) 
Lk a experimental 

(s-1) 
Lk amodel 

(s-1) 

F01 , _ /w eq g wC  0.23 8.9×102 ±0.3×102 9.1×102±0.3×102 

F02 

, _ / /w eq g o wC  0.36 10.0×102 ±0.4×102  9.9×102 ±0.4×102 

, _ /w eq g wC  0.23 15.3×102 ±0.5×102 15.1×102 ±0.2×102 

, _w eq averagedC  0.25(*)
 

14.6×102 ±0.5×102 14.3×102 ±0.2×102 

 (*) Estimation based on 10% v/v oil  
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DOT (Eq. 22) and Lk a (Eq. 8) profiles of F01 and F02 were modeled combining cell 

growth kinetics (Eq. 15 and Eq. 16) and oxygen transfer parameters (Eq. 21). In the base case 

without oil (F01), the oil enhancement factor (α) accounting for the role of dispersed droplets 

in oxygen transfer, and bubble coverage factor (β) accounting for the fraction of bubble surface 

covered by oil, were kept to zero. Although the model described the experimental DOT profile 

of F01 with a R2=0.72 (Figure 2A), the estimated Lk a of 9.1×102 s-1 ±0.3×102 s-1 was 

statistically the same as the experimental one (p-value t-test >0.15) (Table 3). The low 

correlation value (R2<0.75) is rather a consequence of the little variation in DOT along time 

than a meaningful deviation from the experimental data.  

In fermentation F02 a field of model DOT curves for different values of α and β was 

generated (Figure 2B). The impact of the degree of bubble surface coverage by oil (β) in the 

DOT was relevant at low values of oil enhancement factor (α) (curve α=0.2, β=1 versus α=0.2, 

β=0.5), but was negligible at high α values (curve α=0.6, β=1 versus α=0.6, β=0.5). By 

comparing the experimental DOT to model curves, a mixed transfer route in which bubbles are 

only partially covered by oil (β=0.5), an oil enhancement factor α= /g oa a (approximately 0.3) 

was identified as most probable scenario. This mixed route where both dispersed oil droplets, 

and oil covering part of the available bubble surface play a role in the oxygen transfer described 

the experimental data with an R2 of 0,74 (Figure 2B). Similarly, as in F01, the estimated Lk a 

(9.9×102 s-1 ±0.4×102 s-1) was statistically the same as the experimental one (p-value 

t - test >0.20). Both experimental and model Lk a slightly decreased along the fermentation for 

the studied period. Such decrease has formerly been linked to a reduction in volumetric power 

input [30] which happens in this case due to the dilution of the medium during the fed-batch 

period. In this fermentation, however, the change in experimental Lk a with volumetric power 

input was steeper than model curves at different α values (Figure 3A), and steeper than reported 

values in literature for hexadecane-water system [18]. 
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Figure 2. [A] Comparison of experimental DOT profile in F01 without oil to a modelled DOT 

profile (α= 0; β=0; R2=0.72). [B] Comparison of experimental DOT profile in F02 containing 

7.5% v/v of hexadecane to model trends based on different oil enhancement (α) and bubble 

coverage (β) values (R2=0.74). 
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Figure 3. Experimental Lk a  values corresponding to different volumetric power input. Dotted 

lines represent modelled results at a bubble coverage of β=0.5 and varying values of oil 

enhancement (α). [A] Fermentation with E. coli K12 containing: 7.5% v/v hexadecane (F02); 

power input decreased due to increase in volume during the fed batch period. Arrows indicate 

direction of change. Dashed lines correspond to literature values for dispersion of hexadecane in 

water at 10%v/v and 5%v/v oil concentration [18]. [B] Fermentation with sesquiterpene-

producing E. coli containing 4% to 6% v/v dodecane (F03). [C] Fermentation with sesquiterpene-

producing E. coli containing 6% to 9% v/v dodecane (F04).  

 

 

The variability of Lk a with volumetric power input was higher in F03 and F04 where 

longer fermentation times were studied. During the first period of fermentation F03 (Figure 

3B), the estimated α value decreased from 0.4 to 0.3 for a decrease in volumetric power input 

from 8500 W·m-3 to 6500 W·m-3. However, when the volumetric power input was increased 

again to about 8000 W·m-3 (start of period 2) the estimated α remained almost constant at at 

level of 0.3 while decreasing the volumetric power input until 6000 W·m-3. This behaviour took 

place again during the last period of the fermentation. In the case of fermentation F04, a 

decrease in α from 0.55 to about 0.35 was observed in period 1 while decreasing the power 

input from 9000 W·m-3 to 6500 W·m-3 (Figure 3C). However, in period 2, towards the end of 

the fermentation, below ca. 7250 W·m-3, there was a more pronounced decrease than during 

period 1.  

Data reported in literature measured by the Lk a dynamic method [15, 18] suggest a 

decrease of Lk a with increasing cell concentration, and an enhancement of Lk a when 

increasing oil concentration. However, in this study Lk a·  (P·V-1)-1 was not significantly 

correlated to cell concentration (Pearson coefficients of F01 to F04 were +0.63, -0.63, +0.66, 

and +0.06, respectively); neither to oil fraction (Figure 4). Consequently, the observed decrease 

in α value could not be attributed to these variables. 
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Figure 4.  Experimental and literature Lk a  values corresponding to varying oil fractions. 

Continuous lines correspond to experimental data (Table 2). Dashed data correspond to literature 

values for (a) hexadecane in water [18] at 4000 (W·m-3) and (b) dodecane in suspension of 

quiescent cells [15] at 963 (W·m-3). For comparison purposes, Lk a  values have been normalized 

to account for the effect of power input. Oil fraction in F02 to F04 changed due to dilution of 

medium during the fed batch period. Arrows indicate direction of change.  While increasing values 

of Lk a  with oil fraction have been reported in literature (Pearson coefficient >0.95), experimental 

Lk a ·(P·V-1)-1 in this work was not significantly correlated to oil concentration (Pearson 

coefficients of F02 to F04 were +0.82, -0.64, -0.07). 
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5. Discussion 

In multiphase fermentations many transfer routes of oxygen are possible and determine 

the estimated oxygen solubility ,w eqC . Whether the presence of oil results in a significant 

enhancement in oxygen transfer largely depends on the dominant transport route. In order to 

properly estimate such enhancement from an experimental DOT profile, one must know 

whether DOT probe calibration was performed in presence or absence of oil (Eq. 11). The lack 

of experimental details regarding DOT probe calibration and assumed transfer route (and hence 

,w eqC  value) may explain the contradictory Lk a results reported in literature so far [16, 21]. In 

our experimental set-up, the presence of oil in F02 lead to an increase in Lk a of ca. 12% 

compared to a similar fermentation without oil (F01). 

Furthermore, Lk a and DOT profiles were described by a model based on a combined 

g/w and g/o/w oxygen transfer route in which bubbles partially covered by oil and dispersed oil 

droplets would contribute to the transfer of oxygen. This model implies that any enhancement 

in oxygen transfer could be limited by the availability of oil area. In the specific case of 

sesquiterpene fermentations, a contact angle 56θ = °  and droplet sizes between 0.050 mm to 

0.200 mm could be expected [10]. Addition of solvents like dodecane might lower g/o contact 

angles ( 34θ = ° ), improving oxygen transfer by increasing the degree of bubble coverage (β). 

However, this effect would be cancelled by the presence of SACs in the fermentation broth, 

since those can lower the o/w interfacial tension to about 20 mN m-1 [43, 44] potentially 

increasing g/o contact angles (Eq. 2). On the other hand, the stabilization of o/w interface by 

SACs would reduce droplet-droplet coalescence and droplet-bubble interactions, and thus the 

degree of mixing within the dispersed oil phase and the renewal of the g/o surface, resulting in 

a lower oil enhancement factor (α ) [4, 5, 14, 30]. In this work, all fermentations displayed 

decreasing α values along the fermentation age, which was not correlated to neither an increase 

in cell concentration nor a decrease in oil fraction or power input due to fed-batch operation.  

 

6. Concluding remarks 

This study highlights how sesquiterpene products and/or organic solvents used for 

product extraction can affect oxygen transfer in a fermentation by enhancing Lk a. Proper 

quantification of this enhancement, however, is subjected to the dominant oxygen transfer 
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route. Experimental Lk a measurements by the stationary method supported by a mechanistic 

mathematical model indicate that in this work a combined g/w and g/o/w oxygen transfer route 

takes place. In this combined route, both air bubbles partially covered by oil and dispersed oil 

droplets contribute to the transfer of oxygen from the gas phase. Such contribution, however, 

decreases with fermentation age likely due to organic phase stabilization in the presence of 

SACs. 

This work has thus provided, for the first time, evidence of the impact of organic phase 

emulsification in the transfer of oxygen in multiphase fermentations. Considering that 

sesquiterpene fermentations are known to lead to organic phase emulsification [5], oxygen 

transfer enhancement strategies such as the use of solvents as oxygen vectors are not expected to be 

effective [11]. On the other hand, any improvements made in reducing organic phase 

emulsification at microorganism, feedstock and process technology levels, will result in 

enhanced oxygen transfer while also improving organic phase recovery. 

 

Acknowledgements 

This work was carried out within the BE-Basic R&D Program, which was granted a FES 

subsidy from the Dutch Ministry of Economic affairs. 

 

Conflict of interest 

The authors declare no financial or commercial conflict of interest. 

  



Organic phase emulsification limits oxygen transfer enhancement in multiphase fermentations for the production 
of advanced biofuels and chemicals 

115 

 

Nomenclature 

Roman 

a  volumetric transfer area 

ga  volumetric gas area 

/g oa  volumetric gas surface covered by oil beads 

/g wa  volumetric gas surface in contact with water 

Ag/o Interfacial area oil-gas 

Ao/w Interfacial area oil-water 

Ag/w Interfacial area gas-water 

Cg Oxygen concentration in gas 

Cw Oxygen concentration in water 

Cw,eq Oxygen solubility in water 

, _ /o eq g oC  oxygen solubility from gas-oil equilibrium 

, _ /w eq g wC  oxygen solubility from gas-water equilibrium 

, _ / /w eq g o wC  oxygen solubility from gas-oil-water equilibrium 

id  particle diameter 

Dimp impellor diameter 

Fs Feed flow 

FG Gas flow 

Lk  liquid mass transfer coefficient 

Lk a volumetric mass transfer coefficient  

ok  mass transfer coefficient oil phase 

wk  mass transfer coefficient water phase 

/o wk  mass transfer coefficient across oil and water 

/o wm  oil-water partition coefficient 

/g wm  gas-water partition coefficient 

/g om  gas-oil partition coefficient 
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ms maintenance coefficient for substrate 

2Om  maintenance coefficient for oxygen 

MX Cell mass in the reactor 

N agitation speed 

Np power number 

OTR Oxygen transfer rate  

OTRg/o/w Oxygen transfer rate from gas to water via the oil phase 

OTRg/w Oxygen transfer rate from gas to water via the bubble surface non-covered by oil  

P power input 

max
2Oq  maximum specific oxygen consumption rate 

RO2 Oxygen consumption rate 

RX Cell growth rate 

SACs surface active components 

GSv  superficial gas velocity 

V  System volume 

Vw Water volume 

2

out
Oy  concentration of oxygen dissolved in the gas out-flow stream 

YX/S Yield of cells on substrate 

 

Greek 

α  enhancement factor 

β degree of coverage 

φg volumetric fraction of gas 

ΦIN gas in-flow 

Φo mass fraction of oil in o/w mixture 

μ specific cell growth rate 

maxµ  maximum specific growth rate 

ρw water density 

σ  Interfacial tension 

θ  oil-gas contact angle 
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Chapter 5. Integration of Gas Enhanced Oil Recovery in 

multiphase fermentations for the microbial production of fuels and 

chemicals 

 

Abstract 

In multiphase fermentations where the product forms a second liquid phase or where 

solvents are added for product extraction, turbulent conditions disperse the oil phase as droplets. 

Surface-active components (SACs) present in the fermentation broth can stabilize the product 

droplets thus forming an emulsion. Breaking this emulsion increases process complexity and 

consequently the production cost. In previous works, it has been proposed to promote 

demulsification of oil/supernatant emulsions in an off-line batch bubble column operating at 

low gas flow rate. The aim of this study is to test the performance of this recovery method 

integrated to a fermentation, allowing for continuous removal of the oil phase.  

A 500 mL bubble column was successfully integrated with a 2 L reactor during 24 h 

without affecting cell growth or cell viability. However, higher levels of surfactants and 

emulsion stability were measured in the integrated system compared to a base case, reducing 

its capacity for oil recovery. This was related to release of SACs due to cellular stress when 

circulating through the recovery column. Therefore, it is concluded that the gas bubble-induced 

oil recovery method allows for oil separation and cell recycling without compromising 

fermentation performance; however, tuning of the column parameters considering increased 

levels of SACs due to cellular stress is required for improving oil recovery. 

 

 

 

This chapter has been published as:  

Pedraza-de la Cuesta, S., Keijzers, L., van der Wielen, L.A.M., Cuellar, M.C., Integration of Gas 

Enhanced Oil Recovery in Multiphase Fermentations for the Microbial Production of Fuels and 

Chemicals. Biotechnol J, 2018.;13(4):e1700478.  
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1. Introduction 

Recent advances in strain development have enabled the production of extracellular 

hydrocarbons such as alkanes and sesquiterpenes in microbial fermentations [1]. The 

immiscible product, with a lower density than the aqueous medium, forms an oil phase that 

readily separates from the fermentation broth (Figure 1A). This opens the opportunity of 

integrating a low-cost recovery operation such as settling or hydrocyclone into the fermentation 

allowing for cell recycling and process cost reduction. In reality, however, turbulent mixing 

conditions in the reactor and the presence of surface-active components (SACs) in the 

fermentation broth (e.g., salts, glycolipids, proteins, cells and cells debris) disperse the product 

phase forming an emulsion of small stable oil droplets (Figure 1B). Reported recovery methods 

at large scale require using costly surfactants and changes of temperature [2], which might 

compromise the purity specifications [3], increase costs, and prevent cellular recycling by 

affecting cell viability [4]. Although the need for a low-cost demulsification process might be 

more relevant in the case of applications with tight economic margins such as biofuels, the 

problem of recovery of microbial emulsions is not new. Solvents are widely used for product 

extraction in fermentations and bioconversions to enhance product recovery, avoid toxicity 

problems, or reduce product evaporation [5, 6]. The dispersion of solvent containing product 

leads to similar emulsification problems as encountered in microbial fermentations of 

extracellular hydrophobic hydrocarbons [7]. Technologies such as gravity settling [8], and 

membranes [9] have been described for organic phase recovery during the bioconversion. 

 

 

 

Figure 1. Representation of production (left) and recovery subprocesses (right) taking place in 

different scenarios of multiphasic fermentations: [A] Ideal scenario if no surface active 

components (SACs) are present and a continuous oil layer is formed after the fermentation; [B] 

Scenario in which emulsification takes places preventing direct oil phase recovery after 

fermentation; [C] Illustration of an integration of  a GEOR column using gas bubbles at mild 

mixing conditions to aid demulsification, while allowing for cell recycle; [D] Mild mixing 

conditions required for droplet separation could lead to cellular stress and release of SACs 

reducing recovery efficiency.  
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Recently a gas enhanced oil recovery technology (here abbreviated as GEOR) has been 

proposed as an alternative to recover emulsified fermentation products [10]. This technology 

consists of promoting the coalescence of oil droplets forming a continuous oil layer by passing 

gas bubbles through an emulsion. By adjusting bubble size, number of bubbles, and aspect ratio, 

GEOR was proven to be effective in diverse emulsions of hexadecane in an aqueous mixture 

of water and the yeast Saccharomyces cerevisiae. It remains unknown how the technology 

would perform in an actual fermentation broth where SACs can affect the stability of the 

emulsion.  

This work concerns the implementation of GEOR in the recovery of oil from microbial 

emulsions by presenting an integrated bioreactor-GEOR system. In this integrated 

configuration, the fermentation broth containing a dispersion of oil droplets is circulated 

through a GEOR column. In the column, the oil/water separation takes place with the aid of gas 

bubbles, and the oil depleted broth is transferred back into the reactor (Figure 1C). The main 

advantage of GEOR lies in reducing the number of separation steps, while avoiding the use of 

costly chemicals. In addition, GEOR might offer several advantages when continuously 

integrated into a fermentation, such as: (i) cell recycle, (ii) prevention of further stabilisation of 

the emulsion over time, and (iii) avoiding oxygen transfer problems [11] in case of excessive 

accumulation of oil in the bioreactor. On the other hand, GEOR is typically performed at low 

gas flow rates and mild mixing conditions. This poses some operational and design challenges, 

namely related to possible oxygen and nutrient limitation occurring in the recovery 

compartment (Figure 1D). 

The aim of this work is to study the feasibility of integrating a GEOR column to a 

bioreactor, with especial focus on fermentation performance, emulsion behaviour, and oil 

recovery. 

 

2. Theoretical Background 

The integrated process presented in this work consists of a well-mixed fermentation 

compartment operating in fed-batch mode, connected to an external bubble column which 

typically operates at milder mixing conditions to promote oil recovery [10] (Figure 2B). The 

main subprocesses taking place in the separation column are: (i) circulation of the broth through 

the column, (ii) mixing of the bulk liquid due to bubbles, (iii) creaming of the oil droplets due 
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to difference of density, and (iv) coalescence of separated oil droplets into a clear oil layer on 

the top part of the column aided by the gas bubbles. Although the exact mechanism(s) whereby 

the separated oil droplets coalesce into a clear oil layer are not yet understood, the degree of oil 

recovery in the column can be estimated by performing a regime analysis as the one presented 

in [12].  

Separation of oil droplets from the continuous phase takes place when the time required 

for a droplet to rise (addressed in this work as creaming characteristic time, τcream) is shorter 

than the time required to mix the liquid in the column (τmix):  

  (1) 

In addition, the residence time of the bulk liquid in the column (τres) should be larger 

than the creaming time in order to allow droplets to stay in the column: 

  (2) 

The characteristic time for mixing in columns with aspect ratio higher than three 

depends on the column aspect ratio and the superficial gas velocity at which the column operates 

(vGS) [13]. 

  (3) 

The residence time of the fermentation broth in the column (τres) depends on the bulk 

liquid flow (FL) and the volume of liquid in the column (Vcol): 

  (4) 

Finally, the characteristic time for creaming (Eq. 5) depends of the column height (H), 

and the and the droplet velocity (vd), which at the same time depends on the density difference 

between the oil (ρoil) and the continuous phase (ρL), the droplet size diameter (dd), gravitational 

acceleration (g) and the drag coefficient (CD) (Eq. 6). 
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  (6) 

As previously described in [12], the estimated sizes the oil droplets dispersed  in the 

fermentation compartment due to the turbulent conditions range between dmin (Eq. 7) and dmax 

(Eq. 8) depending on the o/w interfacial tension (σoil), the continuous phase density (ρL) and 

viscosity (ηw), and the volumetric power input (ev), which depends on the stirring rate (N), the 

aeration rate (FG), the diameter of the impeller (Dimpeller), and the bioreactor working volume 

(VR) (Eq. 9).  

  (7) 

  (8) 

  (9) 

Considering Equations 1-9 it is possible to find an operational window where column 

geometry, column aeration rate, and bulk liquid flow allow for droplet separation.  However, 

when designing the recovery compartment, not only hydrodynamics are important but also 

cellular responses and their effect on productivity and recovery. Although mild mixing 

conditions are required in the column to promote oil creaming [10] this regime could lead to 

cellular stress caused by oxygen or nutrients limitation (Figure 1). The possible consequences 

are diverse, such as release of surface active components (SACs) that include proteins [14], 

polysaccharides [15], carboxylic acids [16], to the increase of cell membrane hydrophobicity, 

loss of productivity and viability [14]. These cellular responses could have an effect in the oil 

emulsification; either by reducing droplet coalescence [17], or by stabilising the o/w interface 

[18], [19]. In addition, the accumulation of oil in the column could increase bubble coalescence 

and the medium apparent viscosity contributing to oxygen limitation [11].  
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2.1. Aim and approach 

The aim of this work is to study the effect of broth circulation through a GEOR column 

on fermentation performance and oil recovery. Model fermentations with wild-type E. coli were 

performed, and hexadecane was eventually added to mimic microbial oil production and/or 

solvent extraction. Hexadecane was chosen due to its biocompatibility (log P of 8.8) [20], its 

similarity in number of carbons compared to commercial microbial oils like sesquiterpenes 

(C15), and the availability of GEOR data with this organic phase [10]. This approach allows to 

fix the oil concentration regardless of fermentation performance. Consequently, fermentation 

performance and degree of oil recovery can be decoupled.  

Four sets of experiments with duplicates were performed (Figure 2A): A base case 

consisting of a fed-batch fermentation in a reactor vessel (B1, B2); a fed-batch fermentation in 

a reactor vessel circulating part of the broth through a GEOR column for 24 hours (C1, C2);  

addition of 10% w/w of hexadecane to a base case fermentation and recovering the oil by 

circulating the dispersion through the GEOR column for 1 hour (B3, B4); and addition of 10% 

w/w of hexadecane to a fermentation similar to C1 and C2, and recovering the oil by circulating 

the dispersion through the GEOR column for 1 hour (C3, C4).  

In order to study how the circulation of broth through the column affects the 

fermentation performance, cell growth, cell viability, and level of SACs in the integrated system 

(C1 to C4) were compared to the base case (B1 to B4). Proteins have been shown to play an 

important role in stabilization of hexadecane microbial emulsions [10, 21], and consequently, 

they have been chosen as reference component for measuring levels of SACs. In order to discard 

any possible source of cellular stress other than the circulation though the GEOR column, feed 

rate, aeration and stirrer speed were chosen such to avoid oxygen limitation in the main vessel. 

As it was shown in Figure 1D, the cellular stress responses to the circulation of broth 

through the recovery column can have an effect in the emulsion stability. Consequently, the 

extent of oil recovery can be reduced. The impact of eventual cell stress responses in separation 

performance was evaluated by comparing the oil hold-up in the GEOR column of the base case 

(B3, B4) and circulation case (C3, C4). 
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Figure 2. [A] Overview fermentation stages in the different experiments. [B] Schematic 

representation of the integrated system. P-pressure; X-composition; R-agitation speed; T-

temperature; W-weight; F-mass flow; L-level; I-indicator; C-controller. 
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3. Materials and methods 

3.1. Experimental set up 

The experimental set up consisted of a 2 L jacketed reactor (Applikon, 

The  Netherlands), working in fed batch mode under glucose limitation connected by a 

Masterflex peristaltic pump (Cole Parmer, United States) and Masterflex Tygon Fuel & 

Lubricant tubing L/S 17 to a 500 mL glass-column as indicated in Figure 2.  

The custom-made column of 37 mm inner diameter (40 mm outer diameter) and 600 

mm height was aerated at 0.1 cm s-1 through a stainless-steel bottom plate with a single nozzle 

of 0.3 mm diameter and an off-gas outlet located at the top. The nozzle and aeration rate 

conditions in the column were selected based on the results reported by [8] to allow the 

formation of phase gradient in the column. 

In order to avoid excessive circulation of bubbles from the bioreactor vessel to the 

recovery column, the extreme of the outlet port was designed as a u-tube. The cell broth was 

circulated back to the fermentation vessel by a second Masterflex peristaltic pump (Cole 

Parmer, United States) activated either by a level sensor (C1 and C2) or by a weight sensor (C3 

and C4). The temperature in the column was maintained at 35 °C by an external heating coil, 

connected to a cryostat (Lauda, United States), and tubes connecting the two compartments 

were insulated to avoid heat loss. 

3.2. Strain, pre-culture medium, and fermentation medium. 

The strain used in this work is a Escherichia coli K12 (MG1655) obtained from The 

Netherlands Culture Collection of Bacteria (Utrecht, The Netherlands). 0.5 mL of stock culture 

stored at -80°C in Luria-Bertani (LB) medium containing 15% v/v glycerol, were inoculated in 

100 mL of sterile synthetic medium (SM) [22] supplemented with 15 g L-1 C6H12O6∙H2O, and 

0.0045 g L-1 Thiamine∙HCl. Precultures were incubated overnight (approximately 14 h) in 

300 mL shake flasks at 35°C and 200 rpm in a rotary shaker (Sartorius Stedim Biotech S.A., 

France), and inoculated in 900 mL of sterile fermentation medium following the composition 

as reported in [23] using 5 g L-1 C6H12O6∙H2O as carbon source and 0.1 mL EROL DF 7911 K 

(PMC Ouvrie, France) as antifoaming agent. 
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3.3. Fed-batch fermentation 

Fermentations were performed at an aeration rate of 1.5 nL min-1 controlled by a mass 

flow controller (Brooks, United states), and stirred with a 6-blade Rushton impeller of 45 mm 

diameter at speed of 1000 rpm. For fermentations B3, B4, C3 and C4 stirring speed was 

increased to 1200 rpm during the fed-batch phase in order to ensure a dissolved oxygen tension 

(DOT) above 20%; the temperature was set to 35°C and the pH was maintained at 6.5 by adding 

acid (2M H2SO4) and base (NH4OH 25%v/v). Fermentation settings were controlled by a 

ADI - 1030 controller (Applikon, The Netherlands). Foam was controlled by manual addition 

of an aqueous solution of 10% v/v antifoam Erol-DF7911K (PMC Ouvrie, France) up to a 

maximum of 30 g. 

After approximately 7.2 h of fermentation, glucose was consumed and the DOT 

increased indicating the end of the batch phase. At that point, a glucose solution containing 

700  g L-1 C6H12O6∙H2O, 20 g L-1 MgSO4∙7H2O, 0.045 g L-1 Thiamine∙HCl, and the same trace 

metal concentration as in the batch medium, was fed into the bioreactor using a Masterflex 

peristaltic pump (Cole Parmer, United States). In fermentations B1, B2, C1, C2, different feed 

mass flow rates between 5 and 10 g h-1 were chosen to test the validity of the model at different 

conditions. Experiments B3, B4, C3, C4 were performed at a constant feed rate of 7 g-solution 

h-1. These feeding conditions were maintained throughout the experiments including circulation 

and recovery periods. 

3.3.1. Circulation period (C1, C2, C3 and C4) 

After 48 h from the beginning of the fermentation the broth was circulated in 

fermentations C1- C4 through the recovery column for a period of 24 h at a mass flow of 

3.16 g s-1  with a Masterflex pump and Tygon 17’ tubings (Masterflex), keeping a column 

working volume of 350 mL, and providing a liquid residence time one order of magnitude 

higher than the expected creaming time.  

3.3.2. Recovery period (B3, B4, C3 and C4) 

After 72 hours of fermentation 10.0±0.3 %w/w of hexadecane (Sigma-Aldrich) colored with 

oil red-O dye (Sigma-Aldrich) was added to the reactor in fermentations B3, B4, C3 and C4. In 

fermentations C3, and C4, all the broth was transferred back to the reactor vessel prior to the 

addition of oil. After mixing the oil for 30 min, the dispersion was circulated through the GEOR 

column for one hour, and pictures of the top of the column (equivalent to a picture area of 20x40 
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mm) were taken to evaluate the degree of oil recovery. The conditions in the reactor vessel and 

column, including feed rate, were the same as in the circulation period.  

3.4. On-line analyses 

DOT was measured by a dissolved oxygen sensor (Applikon, The Netherlands; Mettler 

Toledo, The Netherlands). The CO2 and O2 concentrations in the bioreactor off-gas and in 

pressurized air were analyzed by a Rosemount NGA-2000 gas analyzer (Fisher Rosemount, 

Germany). pH was measured by a pH sensor (Applikon, The Netherlands). Temperature was 

measured with a temperature sensor (Applikon, The Netherlands). Feed rate was continuously 

monitored with a balance (Mettler Toledo, The Netherlands). DOT, concentrations of CO2 and 

O2 in the off gas and in pressurized air, pH, temperature and feed weight were continuously 

recorded with a MFCS/Win 2.1 software (Sartorius Stedim Biotech S.A., France).  

3.5. Off-line analyses 

3.5.1. Optical density and cell dry weight 

Optical density of samples was measured in a spectrophotometer (Biochrom) at 600 nm. 

1.5 mL microcentrifuge tubes containing 1mL of broth were set in a centrifuge (Heraeus, 

Biofuge Pico) at 13000 rpm for 10 min. After discarding the supernatant, the tubes containing 

the cell pellet were dried in an oven (Heraeus instruments) at 70 °C for 48 h. 

3.5.2. HPLC, TOC and protein analysis 

Supernatant was separated from the cells in a centrifuge (Heraeus instruments, Stratos) 

at 17000 rpm for 20 minutes at 4 °C and filtered with a disk filter (Whatman) of 0.45 µm in 

fermentations B1, B2, C1, and C2 and a disk filter (Whatman) of 0.22 µm in fermentations B3, 

B4, C3, and C4. 

Extracellular amount of residual glucose, ethanol, glycerol and acetate were determined 

in supernatant by high-performance liquid chromatography (HPLC) as described in [24].  

The total amount of organic carbon (TOC) in broth and supernatant was analyzed at the 

end of the fermentation (except in B3 and C3) with a Total Carbon (TC) analyzer (Shimadzu). 

Extracellular protein concentration in the supernatant was determined using a Bradford Protein 

Assay Kit (Thermo Scientific). Protein concentrations for circulation and non-circulation 

experiments were statistically compared by a two-tailed t-test assuming homoscedasticity.  



Chapter 5 

134 

3.5.3. Cell viability 

The concentration of colony forming units (CFU) in the sample was obtained by plating 

cells on sterile LB medium plates. Samples were diluted with sterile SM medium to ca. 10 CFU, 

100 CFU and 1000 CFU per plate. The plates were incubated for 24 hours in an incubator 

(Heraeus instruments) at 30 °C after which the colonies were counted. Results for circulation 

and non-circulation experiments were statistically compared by a two-tailed t-test assuming 

homoscedasticity. 

3.5.4. Oil recovery: Experimental and theoretical values 

Pictures of the top of the column were processed in Adobe Photoshop CS6, selecting 

and area of 20x20 mm (10 mm radius from the centre of the column) and cropping the rest of 

the picture. The selected area was processed with the software ImageJ 1.47, characterizing 

number of droplets (Ni), droplet size distribution (di) and droplet area (Ai). The total area of 

droplets ( ) was compared to the total area of the picture (A20x20) to estimate the oil 

hold-up, εoil:  

           (10) 

Under the assumption that this hold-up remained constant in the top of the column, the 

percentage of recovery was then estimated by comparing the volume of oil in the top of the 

column with the total volume of oil added in the experiment ( ): 

   (11) 

With A20x40 the picture area of the top of the column and Dcol the column diameter. In 

addition, a theoretical oil droplet size distribution was calculated assuming a normal distribution 

between theoretical dmin and dmax (Equations 7 and 8, 0.04 and 1.55 mm respectively) with a 

standard deviation equal to three times half of the range. For such droplet size distribution, the 

volume of oil accumulated in the column (Voil,theoretical) when the droplets of sizes between  
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    (12) 

Where Ni is the number of droplets of diameter di. The theoretical recovery percentage 

then becomes: 

    (13) 

Note that when  the theoretical recovery would be 100%, while if , 

the theoretical recovery would be near 0%. Theoretical recovery values were estimated for a 

varying threshold of minimum droplet size being able to cream in the column (Figure 5C). 

 

3.6. Fermentation model and Carbon balance 

A model was developed to predict the cell and CO2 fermentation profiles in the fed-

batch phase. The mass balances of cells, substrate (glucose), and CO2 in the reactor at constant 

feed rate are: 

  (14) 

  (15) 

  (16) 

For the substrate balance (Eq. 15) a pseudo-steady state was assumed (dMS/dt~0) as 

glucose accumulation in the reactor during the carbon-limited fed-batch phase was negligible. 

The specific rates of glucose consumption and CO2 production are given by their respective 

Herbert-Pirt relations: 
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Combining Equations 14,15, and 17, and Equations 16 and 18, the resulting cell-growth 

rate and CO2 production rates are: 

  (19) 

  (20) 

The total cell mass profile (Equation 21) was obtained integrating Equation 19. MX0 and 

t0 represent the mass of cells and the fermentation time at beginning of the fed-batch phase. 

  (21) 

The profile of cumulative CO2 produced during the fed-batch phase was obtained 

integrating Equation 20 using the rectangle rule. 

  (22) 

Based on reported models for E. coli [16, 25], the kinetic parameters used in this model 

were YX/S=0.69 Cmol-X·Cmol-S-1, mS=0.024 Cmol-S·Cmol-X-1·h-1 YC/S=0.26 Cmol-C·Cmol-

S-1, and mC=0.02 Cmol-C·Cmol-X-1·h-1. 

The carbon balance was calculated considering the carbon fed into the system 

(  ), the amount of cells produced during the fed-batch phase ( ), the 

total amount of CO2 produced during the fed-batch phase ( ), and the by-products as total 

organic carbon in the supernatant ( ): 

  (23) 

  (24) 

 

/( ) / ( ) ( ) ( )X X X S S X X SR dM t dt t M t F m M t Yµ= = ⋅ = − ⋅ ⋅

2

/

/

( ) / ( ) ( ) ( )C S
C C X CO X

X S

Y
R dM t dt t M t m M t

Y
µ= = ⋅ ⋅ + ⋅

( )/ 0( )
0( ) S X Sm Y t tS S

X X
S S

F F
M t M e

m m
− ⋅ ⋅ − 

= − + 
 

1
1

( )+R ( )
( ) ( )

2
C i C i

C i i
i

R t t
M t t t−

−= −∑

,
in
S feedN , , 0( )X ferm X fermN N t−

C
N

,TOC snN

, , , 0 , ,( )
C

in
C acc S feed X ferm X ferm TOC snN N N t N N N= + − − −

,

,

(%) 100C acc

in
S feed

N
C gap

N
− = ⋅



Integration of Gas Enhanced Oil Recovery in multiphase fermentations for the microbial production of fuels and 
chemicals 

137 

4. Results 

 

All experimental profiles of total cell mass (Mx) and the total CO2 produced (NCO2) 

followed the trends predicted by the model based on reported kinetic parameters for non-

producing E. coli under aerobic conditions [16, 25] and the experimental feed rates, with an 

R2>0.96 (Figure 3) and R2>0.96 (results not shown), respectively. Furthermore, the carbon 

balances closed with less than 5% gap. Profiles of cell mass, dissolved oxygen, CO2, residual 

glucose and typical anaerobic by-products such as ethanol or acetate (results not shown) suggest 

that there was no of oxygen limitation in the vessel. These results indicate that all fermentations 

were comparable in terms of fermentation performance, independent on whether broth had been 

circulated through the recovery column (experiments C1-C4) or not (experiments B1-B4). On 

the other hand, protein levels in the fermentations with both circulation and oil addition (C3 

and C4) at the end of the fermentation were, in average, three times higher than in fermentations 

with oil addition but no circulation (B3 and B4, p=0.01<0.05, Figure 4A). However, there was 

no statistically significant difference in viability data (p=0.86>0.05) when comparing 

fermentations with and without circulation through the recovery column (Figure 4B). 

Oil hold-up in the top of the column and the percentage of oil recovered indicated a 

higher degree of coalescence in fermentations without prior circulation to the recovery column 

(experiments B3 and B4, Figure 5A). However, coalescence into a continuous oil layer could 

be seen in experiment B4 only. Foam content was considerably higher in fermentations with 

prior circulation (C3 and C4). This is in agreement with the increased supernatant protein 

content as seen in Figure 4A and it could indicate a stabilization of gas bubbles by the excess  
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Figure 3. Total mass of cells in the reactor for base case fermentations [A] and circulation case 

fermentations [B]. Solid lines represent data obtained from the kinetic model. Markers represent 

experimental data obtained from cell dry weight measurements. 
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Figure 4. Comparison of base case (B1 to B4) and circulation case (C1 to C4) based on 

extracellular protein concentration [A] and cellular viability [B]. Error bars represent the 

standard deviation of the average. 
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of SACs generated during the fermentation. The resolution of the images did not allow to find 

significant differences in averaged droplet size between experiments (results not shown). 

However, oil hold-up was significantly higher (p=0.015<0.05) in experiments B3 and B4, at 

the studied conditions in the GEOR column.  

By comparing characteristic times of the main subprocesses (Eq. 1 and Eq. 2) three 

different regimes were identified (Figure 5B, from left to right): (i) circulation of small droplets 

back to the reactor when the residence time in the recovery column (τres) is smaller or in the 

same order of magnitude than the creaming time (τcream); (ii) medium-sized droplets back-mixed 

in the column when τres is an order of magnitude larger than τcream but the mixing time in the 

recovery column (τmix) and τcream are in the same order of magnitude; (iii) large droplets 

creaming to the top of the column when τmix is an order of magnitude larger than τcream. 

Considering the theoretical droplet size distribution calculated at the bioreactor conditions (see 

Section 3.5.4), the theoretical recovery as a function of the minimum droplet size able to cream 

was estimated (see Figure 5C). When comparing the theoretical analysis (Figures 5B and 5C) 

to the experimental results (Figure 5A) it can be observed that: a) in all four experiments (B3, 

B4, C3 and C4) there was creaming, indicating that there were oil droplets of sizes 

corresponding to regime (iii) in Figure 5B; and b) the percentage of oil recovered in the 

experiments corresponds to the theoretical recovery for such droplet sizes (Figure 5C). In 

addition, the minimum droplet size measured in experiments B3, B4, C3 and C4 

(0.30 ±0.04 mm) agreed with the theoretical estimation based on comparison of characteristic 

times. 

 

 

Figure 5. Experimental and theoretical results for oil recovery. [A] Experimental results. Bars 

indicate the significant difference (p=0.015<0.05) in oil hold up and percentage of oil recovered 

between base case (B3, B4) and circulation experiments (C3, C4). Above the bars, pictures of the 

top of the recovery column for each experiment are shown. [B] Comparison of characteristic times 

as a function of droplet size leading to three regimes in the column (from left to right): (i) 

circulation of small droplets back to the reactor (τres<τcream), (ii) back-mixing of medium-sized 

droplets in the column (τcream~τmix), (iii) large droplets creaming to the top (τcream<<τmix). [C] 

Theoretical recovery as a function of minimum droplet size able to cream (τcream<<τmix). Red 

arrows indicate experimental values.  
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5. Discussion  

The feasibility of integrating GEOR into a fed-batch fermentation was assessed through 

kinetic modelling of four integration experiments (B3, B4, C3 and C4) which presented same 

fermentation performance as four fermentations run without oil recovery (B1, B2, C1 and C2). 

Duplicates, modelling, and experimental design allowed to systematically study and compare 

the system with and without circulation through the recovery column, and with and without oil 

addition. Although circulation through the GEOR column for 24h at mild mixing and aeration 

conditions did not affect cell growth or cell viability, it increased the level of SACs in the 

medium and hindered oil droplet coalescence. The concentration of extracellular proteins in the 

circulation experiments was up to three times higher than that of the base case, and most 

probably have contributed to the emulsion stabilization, as pointed out by [21, 26]. However, 

further research is needed to determine if other possible SACs like glycolipids from the 

membrane exopolysaccharides, or cells with increased hydrophobicity due to stress could have 

also played a role [14, 15]. In any case, it can be stated that from a fermentation perspective it 

would be desirable to decrease the residence time as much as possible in the circulation loop to 

reduce the time during which cells are exposed to stress conditions. 

The results shown in Figure 5 suggest that stabilization of the oil phase in the form of 

small droplets decreased the capacity for oil recovery of the GEOR column since small droplets 

were recirculated back into the vessel or remained back mixed in the column. Estimations based 

on characteristic times as described in section 2 indicated that the liquid residence time in the 

column (111 seconds) was high enough to retain almost the 100% of the oil fed to the system 

(Figure 5C). Therefore, according to the estimations, it could be possible to reduce the liquid 

residence time without significantly reducing the degree of oil recovery. On the other hand, the 

difference between mixing and creaming time in the column allowed to recover only about 

10% v/v of the oil droplets in the top section of the column, while the rest remained back mixed 

in lower sections (Figure 5). A tuning of the settings in the column is thus required to increase 

the degree of oil recovery in the GEOR while keeping fermentation performance unaffected. In 

other words, targeting settings that would lead to a broadening of regime (iii) in Figure 5B. It 

can be seen that this can be achieved by lowering τcream and/or increasing τres and τmix. In 

particular, a decrease in aspect ratio would reduce the creaming time (Eq. 5) increasing the 

operational window at which oil can be recovered. Clearly, the limit for τres lies in the stress 

tolerance and will be microorganism dependent.  Although the O2 transfer in the column could 

be improved by increasing gas-liquid contact area (e.g., increasing the aeration rate, or reducing 
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the bubble size), these measures might have a negative impact on τmix. Hence, integration 

concepts where τres is minimised are still preferable, for example through novel bioreactor 

concepts.  Furthermore, droplet coalescence and creaming could be promoted by increasing the 

oil fraction and selecting solvents with lower density (e.g., dodecane). Finally, further studies 

on the mechanism of oil recovery will allow for more robust design, achieving a compromise 

between fermentation and recovery requirements in terms of bubble size, number of bubbles, 

column geometry, residence time, and oil fraction. These studies require improving the 

acquisition of droplet size data, for example by implementing an in-situ optical probe [27].  

From an operational perspective, an in-line GEOR column compared to an off-line 

separation at the end of the fermentation is more advantageous in cases where long 

fermentations runs are required (e.g., low productivity, or continuous fermentations). In these 

cases, prevention of emulsion stabilisation over time [28], or excessive accumulation of oil 

phase in the bioreactor [11] becomes more relevant. On the other hand, in continuous 

fermentations the concentration of SACs in the broth is expected to be lower since the medium 

is continuously refreshed, and therefore the current recovery capacity of the GEOR column 

could be enough to achieve a formation of a continuous oil phase. 

In summary, this study is a step forward in the implementation of GEOR as a feasible 

in situ product removal technology in multiphase fermentations without affecting fermentation 

performance in terms of cell growth and cell viability. Further studies with specific microbial 

systems should be performed to assess the possible effects on product formation. Tuning of 

GEOR operational parameters is required to improve oil recovery, either by reducing cellular 

stress conditions or by allowing oil coalescence in an environment with higher concentration 

SACs. This works consolidates the opportunity for reduction in cost and environmental impact 

of multiphase fermentations allowing for cell recycle, reducing energy requirements and 

avoiding the use of chemicals such as surfactants that might compromise product quality. 

 

Acknowledgements 

This work was carried out within the BE-Basic R&D Program, which was granted a FES 

subsidy from the Dutch Ministry of Economic affairs. 



Chapter 5 

144 

Conflict of interest 

The authors declare no financial or commercial conflict of interest. 

  



Integration of Gas Enhanced Oil Recovery in multiphase fermentations for the microbial production of fuels and 
chemicals 

145 

References 

1. Rude, M.A., Schirmer, A. New microbial fuels: a biotech perspective. Curr. Opin. 
Microbiol., 2009, 12(3):p. 274-81 

 
2. Tabur, P. and Dorin, G. Method for purifying bio-organic compounds from fermentation 

broth containing surfactants by temperature-induced phase inversion. 2012. 
WO2012024186  

 
3. McPhee, D.J., Deriving Renewable Squalane from Sugarcane. Cosmetics & Toiletries, 

2014. 129(6): p. 20-26. 
 
4.  Van Hamme, J.D., Singh, A., Ward, O.P. Physiological aspects: Part 1 in a series of 

papers devoted to surfactants in microbiology and biotechnology. Biotechnology 
Advances, 2006. 24(6): p. 604-620. 

 
5. Dafoe, J.T. and Daugulis, A.J., In situ product removal in fermentation systems: 

improved process performance and rational extractant selection. Biotechnology Letters, 
2014. 36(3): p. 443-460.  

 

6. Newman, J.D., Marshall, J., Chang, M., Nowroozi, F., et al., High-level production of 
amorpha-4,11-diene in a two-phase partitioning bioreactor of metabolically engineered 
Escherichia coli. Biotechnology and Bioengineering, 2006. 95(4): p. 684-691. 
 

7. Brandenbusch, C., Glonke, S., Collins, J., Bühler, B., et al., Stable Emulsions in 
Biphasic Whole‐Cell Biocatalysis: The Mechanism of scCO2‐Assisted Phase 
Separation. Chemie Ingenieur Technik, 2013. 85(9): p. 1420-1420.  
 

8. Dolman, B.M., Kaisermann, C., Martin, P.J., Winterburn, J.B. Integrated sophorolipid 
production and gravity separation. Process Biochem., 2017, 54: P. 162-171 
 

9. Kim, J., Iannotti, E., Bajpai, R. Extractive recovery of products from fermentation 
broths. Biotechnology and Bioprocess Engineering, 1999, 4(1):p. 1-11 
 

10. Heeres, A.S., Heijnen, J.J., van der Wielen, L.A.M., and Cuellar, M.C., Gas bubble 
induced oil recovery from emulsions stabilised by yeast components. Chemical 
Engineering Science, 2016. 145: p. 31-44.  
 

11. Clarke, K.G. and Correia, L.D.C., Oxygen transfer in hydrocarbon–aqueous dispersions 
and its applicability to alkane bioprocesses: A review. Biochemical Engineering 
Journal, 2008. 39(3): p. 405-429.  
 

12. Heeres, A.S., PhD Thesis, Delft University of Technology, December, 2016. 
 

13. Groen, D.J., PhD Thesis, Delft University of Technology, October, 1994. 
 



Chapter 5 

146 

14. Hewitt, C.J., Nebe-Von Caron, G., Axelsson, B., McFarlane, C.M., et al., Studies 
related to the scale-up of high-cell-density E. coli fed-batch fermentations using 
multiparameter flow cytometry: Effect of a changing microenvironment with respect to 
glucose and dissolved oxygen concentration. Biotechnology and Bioengineering, 2000. 
70(4): p. 381-390. 

 
15. Neu, T.R., Significance of bacterial surface-active compounds in interaction of bacteria 

with interfaces. Microbiological Reviews, 1996. 60(1): p. 151-166. 
 
16. Xu, B., Jahic, M., and Enfors, S.O., Modeling of overflow metabolism in batch and fed-

batch cultures of Escherichia coli. Biotechnol Prog, 1999. 15(1): p. 81-90. 
 

17. Keitel, G. and Onken, U., The effect of solutes on bubble size in air-water dispersions. 
Chemical Engineering Communications, 1982. 17(1-6): p. 85-98. 
 

18. Heeres, A.S., Picone, C.S.F., van der Wielen, L.A.M., Cunha, R.L., et al., Microbial 
advanced biofuels production: overcoming emulsification challenges for large-scale 
operation. Trends Biotechnol. , 2014. 32(4): p. 221-229. 
 

19. Dorobantu, L.S., Yeung, A.K.C., Foght, J.M., and Gray, M.R., Stabilization of oil-water 
emulsions by hydrophobic bacteria. App. Environ. Microb., 2004. 70(10): p. 6333-
6336. 

 
20. Laane, C., Boeren, S., Vos, K., Veeger, C. Rules for optimization of biocatalysis in 

organic solvents. Biotechnology and Bioengineering, 1987, 30(1): p. 81-7 

 
21. Heeres, A.S., Schroen, K., Heijnen, J.J., van der Wielen, L.A.M., et al., Fermentation 

broth components influence droplet coalescence and hinder advanced biofuel recovery 
during fermentation. Biotechnology Journal, 2015. 10(8): p. 1206-15. 
 

22. Verduyn, C., Postma, E., Scheffers, W.A., and Van Dijken, J.P., Effect of benzoic acid 
on metabolic fluxes in yeasts: A continuous-culture study on the regulation of 
respiration and alcoholic fermentation. Yeast, 1992. 8(7): p. 501-517. 
 

23. Korz, D.J., Rinas, U., Hellmuth, K., Sanders, E.A., et al., Simple fed-batch technique 
for high cell density cultivation of Escherichia coli. J Biotechnol, 1995. 39(1): p. 59-65. 
 

24. Cruz, A.L., Verbon, A.J., Geurink, L.J., Verheijen, P.J., et al., Use of sequential-batch 
fermentations to characterize the impact of mild hypothermic temperatures on the 
anaerobic stoichiometry and kinetics of Saccharomyces cerevisiae. Biotechnol Bioeng, 
2012. 109(7): p. 1735-44. 
 

25. Cuellar, M.C., Zijlmans, T.W., Straathof, A.J.J., Heijnen, J.J., et al., Model-based 
evaluation of cell retention by crossflow ultrafiltration during fed-batch fermentations 
with Escherichia coli. Biochemical Engineering Journal, 2009. 44(2): p. 280-288. 
 

26. Damodaran, S., Protein Stabilization of Emulsions and Foams. Journal of Food Science, 
2005. 70(3): p. R54-R66. 



Integration of Gas Enhanced Oil Recovery in multiphase fermentations for the microbial production of fuels and 
chemicals 

147 

 
27. Panckow, R.P., Reinecke, L., Cuellar, M.C., and Maaß, S., Photo-Optical In-Situ 

Measurement of Drop Size Distributions: Applications in Research and Industry. Oil 
Gas Sci. Technol. – Rev. IFP Energies nouvelles, 2017. 72(3): p. 14. 
 

28. Kang, Z., Yeung, A., Foght, J.M., and Gray, M.R., Mechanical properties of 
hexadecane-water interfaces with adsorbed hydrophobic bacteria. Colloids and 
Surfaces B: Biointerfaces, 2008. 62(2): p. 273-279. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



 

148 

 

 

 

 



 

149 

Chapter 6. Conclusions, recommendations and outlook 

 

The challenges of microbial sesquiterpene production process addressed in this thesis 

are the emulsification of the product in the reactor, the loss of product in the off-gas due to 

evaporation, and the modification of the gas-liquid oxygen transfer mechanisms in a multiphase 

system. These issues derive from a complex network of mechanisms, where the modification 

of one parameter has an effect in several aspects of the process (Figure 1). 

For example, when production pathway is coupled to growth metabolism, cellular 

growth can lead to sesquiterpene production. This increases the concentration of oil phase, 

which in turn enhances the rate of droplet-droplet coalescence. Consequently, there is a larger 

averaged droplet size and droplet creaming is enhanced. On the other hand, higher cell 

concentrations imply higher concentration of SACs in the medium (e.g. extracellular proteins, 

exopolysaccharides, cell, cell debris), which can stabilize droplet and bubble surface preventing 

droplet growth by coalescence. In addition, the viscosity of the fermentation broth rises with 

the concentration of cells. This reduces the degree of mixing in the system, affecting 

coalescence, creaming and oxygen transfer mechanisms. 

Although the insolubility of sesquiterpenes in the aqueous medium can be advantageous 

for product recovery, the complexity of a multiphase system should not be underestimated when 

scaling-up the production process. In this work, the different mechanisms, their 

interconnections, and their impact on the process scale-up have been studied, and the main 

conclusions are summarized in the following sections. 
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Figure 1. Network of interaction between mechanisms (circles) and operating conditions (squares) 

in a sesquiterpene fermentation. Mechanisms related to product evaporation were not included to 

simplify the scheme. 
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1. Regime analysis as a tool to identify scale-up bottlenecks 

Regime analysis resulted a useful technique to identify bottleneck mechanisms for 

product recovery at different scales. In chapter 2, the characteristic times of droplet coalescence, 

SACs adsorption, droplet creaming and mixing mechanisms were compared at different scales 

and process conditions. In the case of droplet creaming, it was concluded that the ratio of 

creaming time to mixing time increases with the reactor volume. Therefore, although creaming 

is not necessarily a problem at small volume and low aspect ratios, it becomes a rate-limiting 

mechanism at larger scales. Other mechanisms, like SACs adsorption and coalescence, are in 

principle independent on process scale. However, they depend on parameters that not 

necessarily have to be the same at different scales. For example, higher cell concentrations 

might be required at large scale, potentially increasing the concentration of SACs, and reducing 

the characteristic time of adsorption onto a droplet. In addition, at laboratory scale solvents are 

typically added to the broth for product extraction [1, 2]. This increases the oil concentration 

and the coalescence rate. However, references to the use of solvents in large-scale sesquiterpene 

fermentations are scarce [3]. This means that coalescence rate will differ at larger scales when 

solvent is not implemented.  

The main conclusion of chapter 2 is that mixing in the reactor at fermentation conditions 

enhances droplet coalescence upon droplet stabilization by SACs. However, the resulting 

mixing regime hinders droplet creaming. This implies that product recovery by gravity settling 

is not possible at the conditions of aeration and agitation required for fermentation. Hence, two 

compartments operating at different mixing conditions are required for integrating fermentation 

and gravity settling. This can be done in one piece of equipment (as it is being further developed 

within the Deft Integrated Recovery Column project), but also as an external loop, as studied 

in chapter 5.  

 

2. Consequences of using solvents in microbial production of sesquiterpene 

Sesquiterpenes are slightly volatile molecules with vapour pressures in the range of 3 to 

8 Pa at 25°C (values predicted by EPISuite™ ChemSpider database). Product evaporation 

complicates the evaluation of the productivity of microbial strains in laboratory scale. This is 

especially a problem in shake flasks, where recovery methods like off-gas condensers are not 

readily available and product titres are low. A common solution at laboratory scale is adding 
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10-20 % v/v of a solvent to the fermentation broth to capture the produced sesquiterpene [1, 2].  

In chapter 3 it was concluded that volatility of sesquiterpenes could lead to 5-10% of product 

loss at scales of 1000 m3. Experimental results presented in chapter 3 suggest that sesquiterpene 

evaporation takes places via a parallel transfer route across air/water and air/oil interfaces. The 

prevalent route depends on the type of bubble coverage by the oil phase, the concentration of 

oil, the concentration of SACs and the interfacial properties of the gas, water and oil phase. 

When a solvent is added, the overall concentration of sesquiterpene in the oil phase is reduced 

and so the sesquiterpene equilibrium concentration in the gas phase. As a result, the evaporation 

rate is reduced (e.g. 50% of evaporation rate reduction when adding 10% v/v of dodecane to 

the medium).  

As previously mentioned, addition of solvent also promotes coalescence of the dispersed 

oil phase. Laboratory scale protocols report the addition of 2 volumes of solvent (e.g. Methyl-

tertbutyl-ether) per volume of fermentation broth to achieve phase inversion. Once that the 

emulsion of oil droplets in water is inverted to an emulsion of water droplets in oil, water is 

separated from the continuous oil phase by centrifugation. At large scale, phase inversion is 

rather achieved by adding a commercial demulsifier (e.g. Triton-X114) and changing its 

solubility in oil by modifying the temperature of the mixture [4]. In principle, phase inversion 

by solvent addition could be also an alternative at large scale, however this requires additional 

product/solvent separation steps (e.g. distillation). Chapter 3 presents a techno-economic 

evaluation of using solvents in the fermentation broth and in DSP at production scales of 

25 MT year-1 and 25000 MT year-1. Due to the several simplifications made (e.g. assumption 

of solvent/broth ratio based on laboratory protocols), absolute values should be taken with care. 

However, trends and comparison among cases are expected to be correct. This evaluation 

concluded that a solvent-based process at scale typical of flavours and fragrances 

(25 MT year- 1) has larger costs that the current state of the art using commercial demulsifiers 

like Triton-X114 (82.4 $ kg-1 versus 49.0 $ kg-1). However, when increasing the scale, the 

impact of the CAPEX in the overall cost is reduced in comparison to, for example, expenditure 

in raw materials. As a result, a solvent-based process at scale typical of bulk chemicals and 

fuels (25000 MT year-1) presents cost (3.7-5.6 $ kg-1) similar to the current state of the art based 

on commercial demulsifiers (3.2 $ kg-1). Furthermore, if solvents compatible with the final 

product formulation are selected (e.g. diesel in the process of farnesene for jet fuel production), 

unit production cost can be lowered (37.7 $ kg-1 at scale of 25 MT year-1; 0.7 $ kg-1 at 

25000 MT year-1), while decreasing environmental impact. Further cost reduction in a solvent-
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based sesquiterpene process would require improving the CPI demulsification efficiency, by 

reducing the required amount of solvent and reducing the loss of solvent and product in the 

aqueous streams of the centrifuges. 

Finally, the presence of an oil phase (solvent and/or product) in the broth can also affect 

the mechanisms of oxygen transfer from the gas bubbles to the aqueous medium. In chapter 4, 

it was concluded that a g/o/w transfer parallel to g/w transfer was the scenario that better 

described experimental oxygen concentration profiles and Lk a values in E. coli fermentations 

containing up to 10% v/v of oil. In this mixed route, part of the bubble surface in direct contact 

with the aqueous phase, and part is covered by an oil layer. Oil droplets can be enriched in 

oxygen, either by direct contact with the gas bubble and a subsequent detachment from its 

surface, or by entering in the stagnant aqueous layer rich in oxygen that surrounds the bubble. 

In this way, the dispersed oil droplets become a source of oxygen increasing the available 

transfer area. In addition, solubility of oxygen in hydrocarbons is higher than in water, and 

consequently, their presence can rise the oxygen concentration in the medium. Results 

presented in chapter 4 confirmed indeed an enhancement in concentration of dissolved oxygen 

and Lk a upon addition of hexadecane to the fermentation medium. This enhancement, 

however, is subjected to the dominant oxygen transfer route which in turn is affected by the 

presence of SACs in the medium. Results in chapter 4 highlight that emulsification is a problem 

that affects not only product recovery but also oxygen transfer. This is especially relevant at 

large scale, where oxygen limitation is typically a design constraint [5]. 

 

3. Continuous oil removal by integration of production and oil recovery 

The outcome of the regime analysis presented in chapter 2 was the requirement of two-

separation compartment reactor for an integrated production and recovery of sesquiterpenes at 

large scale. In line with this conclusion, chapter 5 presents the integration of a Gas Enhanced 

Oil Recovery (GEOR) column to a fed-batch reactor. The GEOR column consists of a bubble 

column where low aeration conditions allow for droplet creaming. Once those droplets reach 

the top, they form an emulsion layer. Although the mechanisms are still not clear, it has been 

observed that bubbles circulating through this emulsion layer can lead to the coalescence of the 

emulsion into a clear oil layer. 
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The main advantage of the integration of a GEOR column compared to an off-line 

separation equipment (e.g. settler, centrifuge), is that oil can be removed from the system while 

keeping the microbial cells alive, so they can immediately be recirculated to the fermentation 

compartment. From experimental results based on fermentations with E. coli and 10% v/v of 

hexadecane, together with a cellular growth model based on kinetic parameters, it was 

concluded that circulation of fermentation broth through a GEOR column does not affect 

cellular growth neither cell viability. However, it results in a higher concentration of SACs 

compared to a base case fermentation in one vessel. This increased level of SACs does have a 

repercussion in the emulsion stability and the degree of oil recovery. Although the integrated 

GEOR column does separate oil droplets dispersed in the reactor vessel, it needs further 

optimization to promote coalescence of these droplets into a clear oil layer. After performing a 

regime analysis of this system, it was shown that creaming, and thus recovery, could be further 

promoted by reducing the column aspect ratio. The decrease in aspect ratio requires rather an 

increase in diameter, and consequently an increase in the volume of the recovery section. At 

laboratory scale, the set-up flexibility is limited by the volume of the reactor vessel (2-L 

jacketed reactor). Therefore, it is required to work at larger fermentation scales in order to test 

the GEOR column at its maximum recovery capacity. 

 

4. Overcoming experimental challenges 

While addressing some of the challenges of microbial sesquiterpene production process, 

this project faced its own difficulties. These were mainly related to the lack of a producing 

strain with high productivity for experimental testing, the scarcity of data regarding physical 

properties of sesquiterpenes, the impact of the oil phase in typical fermentation analytics (e.g., 

cell dry weight, extracellular protein concentration, dissolved oxygen concentration), and the 

need to develop new analytical protocols to characterize emulsion stability and oil phase 

recovery. The latter was indeed, one of the key issues along the project. Not only there are 

several ways to define emulsion stability (e.g., against chemicals, pressure, temperature), but 

also there is a dynamic component in the degree of stability that makes difficult to compare 

samples not simultaneously processed. In addition, the properties of the obtained emulsion 

highly change along a fermentation. The lack of a method with a wide sensitivity range, leads 

to a binary result (completely demulsified/completely emulsified) rather than to an indication 

about the degree of stability. Even if methods could be slightly modified to measure each type 
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of emulsion, the experimenter should know in advance what the stability of the emulsion is, 

leading to a paradox situation. So far, as shown in chapter 5, the link of emulsion stability to 

SACs concentration, droplet diameter, and degree of recovery in a bubble column, has given 

the most satisfactory results. In that chapter, an estimation of the averaged droplet size was 

made from pictures of the recovery column. It  would be interesting to perform a direct 

quantification of the recovery, by removing the oil phase from the inline column implementing 

a decanter, such as the one described by  [6]. 

The chosen approach to overcome the experimental difficulties was mimicking 

sesquiterpene fermentations with non-producing E. coli K12 strain and hexadecane as oil phase. 

This allowed to decouple oil concentration from cell productivity, and to support experimental 

data with modelling based on well-known fermentation kinetic parameters of E. coli K12. In 

first place a black box kinetic model described the profiles of cellular growth and CO2 

production. In this way, cell mass in the reactor could be estimated from off-gas data supporting 

cell dry weight measurements that can be affected by the presence of oil. In addition, by 

implementing this model in a flow-sheet software, the impact of fermentation and recovery 

strategies in the productivity and process costs could be evaluated.  

Furthermore, a regime analysis was developed to determine the dominating mechanisms 

at different process conditions. Droplet creaming, mixing in the reactor, droplet coalescence, 

and adsorption of surface active components (SACs) onto the droplet surface, were described 

as function of their characteristic times. These were dependent on process conditions such as 

volumetric power input, droplet size, oil concentration, and SACs concentration. To 

complement the regime analysis with experimental data, droplet sizes in oil-water mimic 

mixtures were measured. An optical probe successfully tested in Heeres, Schroën [7],  was used 

for in situ image acquisition of oil in water dispersions in chapter 3 of this thesis. However, in 

oil-fermentation broth mixtures with high concentration of cells, the smaller droplet size and 

the optical density of the medium did not allow to obtain reliable data. In consequence, models 

based on coalescence and breakage rates [8] were used in this thesis to estimate droplet sizes at 

different conditions. The implementation of an optical probe with higher resolution would be 

desirable for determination of droplet size distribution in systems with high concentration of 

SACs and low droplet diameters [9].  Regarding the concentration of SACs in the medium, 

from the  several components that can interact with droplet surface [7], this thesis used 

extracellular proteins (Chapter 5) and mannoproteins (Chapter 2) as an indication. Further 

research on glycolipids and microbial cells could be interesting to increase the portfolio of 
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SACs markers. Especially in fermentations performed with E. coli, the use of cell cytometry 

could aid to establish a link between membrane integrity and emulsification [10]. 

In addition, transfer models were developed to support and predict oxygen transfer and 

sesquiterpene evaporation data in a multiphase system. These models rely on physical 

properties such as vapour pressure, partition coefficients, interfacial tension, averaged particle 

size (e.g., bubbles and droplets), and viscosity. Most of these properties are not available (e.g. 

volatility data and partition coefficients of sesquiterpenes), or are difficult to obtain from a 

multiphase fermentation with high cell density (e.g. viscosity, interfacial tension). 

Finally, different alternatives for microbial production of sesquiterpenes were evaluated 

from a techno-economic perspective in chapter 3. The developed flow-sheet model relies on 

several assumptions such as the amount of solvent required for demulsification of the product, 

and the efficiency of o/w separation using centrifuges. In addition, several physical properties 

(e.g. vapour pressure) were estimated using predictive models. Although the results obtained 

using these assumptions were useful for comparison of different process alternatives, 

experimental data would be desired for obtaining more accurate cost values. 

 

5. Outlook 

This thesis was performed within the Delft Reactor Integrated Column project (DIRC). 

The main goal of DIRC project is to design an integrated reactor for the production and recovery 

of hydrocarbons such as isoprenoids and alkanes. The knowledge generated in this thesis allows 

moving a step forward on the design of a process in which a low-cost separation technology 

integrated into a reactor can recover products dispersed in a second phase from a fermentation 

broth (Figure 2). 

According to the regime analysis performed in chapter 2 fermentation and recovery are 

separated in different compartments. On the one hand, a reactor compartment with enough 

mixing and aeration to promote production, while keeping cellular stress low avoiding over 

production of SACs. On the other hand, a separation compartment with mild aeration 

conditions, so droplets can cream. The residence time, geometry (e.g. aspect ratio), and aeration 

rate in the separator should be not be chosen only based on hydrodynamic constrains (e.g. allow 

droplet creaming and avoid back mixing). Instead, cellular stress mechanisms leading to an 

increase of SAC concentration (e.g. overproduction of proteins, and increase in cell membrane 
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hydrophobicity) should be also considered so that the operational conditions do not promote 

product emulsification. In case this cannot be avoided, the design of the column parameters 

should consider the cellular response and its impact in the level of SACs.  

Parameters which play a key role in the coalescence of dispersed product, like oil 

fraction, do not necessarily depend on the strain productivity. Solvents can be added to the 

system contributing to enlarge the averaged droplet size, by promoting coalescence. As shown 

 

 

Figure 2. Schematic representation of an integrated process for continuous production 

and recovery of microbial sesquiterpene. In this system, the reactor would be a bubble column 

mixed by the power input provided by the gas bubbles. Solvents can be added to the system 

promoting oil coalescence and enhancing oxygen transfer. Alternatively, product could be 

recycled for the same purposes. Part of the fermentation broth is transferred to the gas 

enhanced recovery compartment where oil is separated from the aqueous phase. Broth with 

lower oil content is transferred back into the reactor, and the clear oil layer is removed from 

the top. 
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in chapter 3, this could lower as well the loss of product in the off gas, without incurring in 

higher unit production costs or increasing the environmental impact. This is especially relevant 

in the case of using solvents compatible with the final product formulation (e.g. diesel as solvent 

for the jet fuel precursor farnesene), or in the case of recycling the product itself. The 

implementation of in-situ optical probes could help to monitor the droplet size distribution 

along the fermentation. Consequently, the amount of solvent added to the system could be 

controlled to optimize the recovery in the separation compartment.  

On a more critical look, the technology still need to be proven with a producing strain 

to discard any impact in the production metabolism of the strain. In addition, although results 

presented in chapter 5 concluded that a gas enhanced oil recovery compartment integrated to a 

fermentation can successfully recover oil from an emulsion, it is still required further 

improvement of the column settings to increase the degree of oil recovery. This requires scaling 

up the equipment, to have more flexibility in terms of volume and aspect ratio. In addition, it 

needs to include other surfactants different than proteins in the study, considering for example 

the effects of antifoam, and of components present in industrial feedstocks.   
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