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“l am sorry to have to speak about it accordingatdormula which in principle excludes the dream.
When will we have sleeping logicians, sleepinggaophers? | would like to sleep, in order to suden

myself to the dreamers (...).”

André Breton, Manifesto of Surrealism, 1924.

To my angels,

Arturo and Jay






Summary

Summary

Sesquiterpenes are a versatile group of 15-carbolecumles, traditionally extracted
from plants for diverse applications ranging framels to fine chemicals and pharmaceuticals.
Scarcity of natural resources and emergence of applications have encouraged the
development of sustainable solutions to producqusespenes. The recent development of
engineered microbial strains able to produce aockse sesquiterpenes reaching fermentation
titres in the order of g per L, is a promising aitgive to produce diesel-like biofuels from
renewable biomass sources, like sugar cane baddssmost attractive aspect of sesquiterpene
fermentations is that the extracellular productdilgaforms an oil phase separated from the
aqueous fermentation broth in the reactor. Theedifice of densities between the aqueous
broth and the light product phase opens the oppibytof integrating cost-efficient separation
techniques (e.g. gravity separation, hydro-cyclpneish the reactor. This scenario could
contribute to significantly lowering equipment amdity costs as well as reducing cost of raw
materials by allowing for cell recycling. The scale of sesquiterpene fermentations has

unveiled processing challenges that were not prentiy present at laboratory scale.

Surface active components present in the fermentatedium can interact with the oil-
water interface stabilizing the product in an enansof small droplets. Iithapter 2 of this
thesis it was studied the feasibility of integrgtigravity separation and microbial production
of sesquiterpenes in a bubble column reactor #rdift reactor volumes and aspect ratios. A
regime analysis was performed to identify possioiedows of operation where droplet growth
by coalescence and droplet creaming is promotedeswuelsification and back-mixing of small
droplets. Although lab scale conditions can promdteplet creaming over mixing, the
integration of production and separation at largglesmight only be achieved in a reactor in
which two sections with different process conditiqespecially superficial gas velocity) are

combined.

At laboratory scale, solvents are often employedeasquiterpene fermentations for
reducing product evaporation and enhancing recobgrincreasing the concentration of oil
phase. The current state of the art at large acsds surfactants to recover the emulsified
product. Chapter 3 presents a techno-economic assessment of thef ssdvents at scales
typical of flavor and fragrances (25 MT)yand fuel market (25000 MT% compared to the
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current state of the art. It also addresses thel@matic of product evaporation, and how the
presence of a solvent could help to reduce theobgeoduct in the off-gas. Based on empirical
correlations, mass transfer, and process flow Biggetodels, the assessment concluded that
although the use of solvents did reduce sesquiterpeaporation rate during fermentation and
improved product recovery, it resulted in highersonilar cost than the base case due to the
additional equipment cost for solvent-product safpian. However, when selecting solvents
compatible with the final product formulation (ellya kerosene enrichment process), unit costs

as low as 0.7 $ khcan be achieved while decreasing environmentahatp

In fermentations where a hydrophobic liquid is progdd and/or solvent is added for
in situ product removal, the interaction of droplets aed dubbles can generate additional
oxygen transfer routes across the oil phase. Congiéng the techno-economic assessment
presented in chapter ie mechanisms of oxygen transfer in sesquiterf@neentations and
the use of solvents as oxygen vector were studiethapter 4 The enhancement of oxygen

transfer coefficient k a in fermentations with wild-type and sesquiterpgneducing

Escherichia coliat varying oil fractions of hexadecane and dodecaas dependent on the

transfer route and decreased along the fermentatyen Contrary to literature results, a

trends were not correlated to changes in powertjrglufraction, or cell concentration, but
could be explained by reduced bubble-droplet ambldt-droplet interactions due to droplet
stabilization. For the first time, it was evidendbdt surface active components present in the

fermentation broth can limit the impact of oxygesttors ink,_aenhancement, bringing a new

perspective on oxygen transfer in multiphase fetatems.

Chapter 5 studies the integration of a fermentation withas gnhanced oil recovery
technology developed within the TU Delit Initiatiielft Integrated Column Reactor project
(DIRC), and in collaboration with the start-up Reldvanced Biorenewables (DAB,
www.DelftAB.com), the BE-Basic Foundation, and thBioprocess Pilot Facility
(www.BPF.eu). Cell growth, cell viability, conceation of SACs and emulsion stability were
measured in fed batch fermentations performed2Laeactor and in fed batch fermentations
performed in the same reactor while connectedb@lamL aerated column. The bubble column
was successfully integrated with the reactor dugidgh without affecting cell growth or cell
viability. However, higher levels of surfactantsdammulsion stability were measured in the
integrated system compared to the base case, nediisi capacity for oil recovery. This

highlights the fact that increased levels of SAGs tb cellular stress must be considered when

Vi
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tuning the column parameters (e.g., geometry, lgag for improving oil recovery. The study
presented in this chapter concluded that gas imbweeovery is a promising option for
integrated recovery in multiphase fermentationsyang for oil separation and cell recycling

without compromising fermentation performance.

Vi



Sammenvatting

Sammenvatting

Sesquiterpenen zijn een veelzijdig groep van mddecmetl5 koolstofatomen, die
traditioneel uit planten worden geéxtraheerd. Dewdeculen hebben diverse toepassingen
zoals brandstoffen, hoogwaardige chemicalién eeg@niddelen. De schaarste van natuurlijke
bronnen en de opkomst van nieuwe toepassingen hetbdbeontwikkeling van duurzame
productiemethoden voor sesquiterpenes in gang .gdzetent ontwikkelde genetisch
gemodificeerde micro-organismen die sesquiterpém@nen produceren en uitscheiden, met
fermentatie concentraties in de orde van grammeritpg zijn een veelbelovend alternatief
om geavanceerde biobrandstoffen te producereneuitiduwbare bronnen zoals suikerriet
bagasse. Het belangrijkste aspect van deze sagep@tefermentaties is dat het product door
de micro-organismen wordt uitgescheiden en meterrobefase vormt bovenop de waterfase
in de reactor. Het verschil in dichtheid tussem@gerfase en de oliefase maakt het mogelijk
om kostenefficiénte scheidingstechnieken (ewaartekracht scheidinghydrocyclonen) te
integreren in de reactor zelf. Dit scenario kan eldwjdragen aan significant lagere aanschaf-
en operationele kosten van de benodigde apparatsuaan het verminderen van kosten voor
grondstoffen door hergebruik van de microbiéle ecelinogelijk te maken. Tijdens het
opschalen van de sesquiterpeen fermentaties kwaittagingen voor het productieproces op

grote schaal aan het licht die niet nadrukkelijkv@@zig waren op laboratoriumschaal.

Oppervilakte actieve stoffen die in het fermentasty aanwezig zijn kunnen door
interactie met de grenslaag tussen olie en watepieeluct stabiliseren in een emulsie van
kleine druppels. In hoofdstuk 2 van dit proefschisf onderzocht of het haalbaar is a®
scheiding met behulp van zwaartekracht en microbiéle praduean sesquiterpenen te
integreren in een bellenkolom reactor. Een regim&yse is uitgevoerd om het effect van
reactor geometrie (volume, aspect ratio) en praoetitdes (superficiéle gassnelheid) op
verschillende subrocessen te bestuderen en asiedows of operatiote identificeren waarbij
coalescentie van de oliedruppels en het rijzerdeanliedruppels wordt bevorderd ten opzichte
van emulsificatie en mengen van de Kkleine druppéftwewel de condities op
laboratoriumschaal gunstiger kunnen zijn voor rijgan de druppels dan voor het doormengen,
kan op grote schaal de integratie van productiscéeiding alleen worden gerealiseerd in een
reactor waarin twee secties met verschillende garostandigheden (met name de superficiéle

gas snelheid) worden gecombineerd.

viii
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Op laboratoriumschaal worden vaak oplosmiddelerrgktbom verdamping van de
sesquiterpenen te verminderen en de scheidingrbdugt te verbeteren door de concentratie
van de oliefase te vergroten. De huidige technelagibruikt op fabrieksschaal opperviakte-
actieve stoffen om het geémulsificeerde producigtée winnen. Hoofdstuk 3 introduceert een
techno-economisch analyse van het gebruik van opdiakelen op productieschalen die typisch
zijn voor smaak- en geurstoffen (25 Mt/y) en denbdstofmarkt (25000 Mt/y), in vergelijking
met de meest moderne technologie. Ook komt in demdyse de problematiek van de
verdamping van het product aan de orde en hoe weeaaheid van een oplosmiddel kan
helpen om het verlies aan product door verdamgngetminderen. Gebaseerd op empirische
correlaties, massatransport gmocess flow sheetingnodellen, toonde de analyse aan dat het
gebruik van oplosmiddelen de verdampingsnelheidsemuiterpenen tijdens de fermentatie
verminderd en de product recovery verbeterd. Echtet gebruik van oplosmiddelen
resulteerde in gelijke of hogere kosten in vergiglg met de standaardmethode, vanwege extra
kosten voor onderdelen om het product weer vanopé&smiddel te scheiden. Wanneer
oplosmiddelen worden geselecteerd die compatiehzet het uiteindelijke product (e.g. een
kerosine verrijkingsproces), kan het gebruik van eplosmiddel toch toegevoegde waarde
hebben en kan het de productkosten omlaag brerag@n0On7 $ kg terwijl de impact op het

milieu daalt.

In fermentaties waar een hydrofobe vloeistof wgefiroduceerd en/of als oplosmiddel
is toegevoegd om het product in-situ te verwijderesn de interactie tussen druppels en
gasbellen extra zuurstof-overdrachtsroutes doaligéase genereren. Ter aanvulling van de
techno-economische analyse van hoofdstuk 3, zimeehanismen van zuurstof-overdracht in
sesquiterpeen fermentaties en het gebruik van mgdoielen als zuurstofvector bestudeerd in
hoofdstuk 4. De verbetering van de zuurstofovetdsmoéfficient k.a) in fermentaties met de
veldstam en de sesquiterpeen producer&st@erichia colbij verschillende oliefracties van
hexadecaan en dodecaan was afhankelijk van deracbtdroute en verminderde naarmate de
fermentatietijd toenam. In tegenstelling tot deultagen uit de literatuur zijn dea trends niet
gecorreleerd aan veranderingen in de vermogenstoestiefractie of cel concentratie, maar
kon de verbetering worden verklaard door vermindegdsbel-druppel en druppel-druppel
interacties vanwege de stabilisatie van druppelsorVde eerste keer is bewezen dat
opperviakte-actieve stoffen die in de fermentatieidtof aanwezig zijn de impact van
zuurstofvectoren in de verbetering vaa kan limiteren, wat een nieuw perspectief biedt op

zuurstofoverdracht bij meerfase-fermentaties.
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Hoofdstuk 5 bestudeert de integratie van een fetatienmet een ‘gas-enhanced’
oliescheiding technologie, ontwikkeld binnen het Délft Initiative Delft Integrated Recovery
Column (DIRC) en in samenwerking met de startupftD®dvanced Biorenewables (DAB,
www.DelftAB.com), de BE-Basic Foundation, en defBimcess Pilot Facility (www.BPF.eu).
Het effect van de integratie op verschillende psvagabelen (celgroei, levensvatbaarheid van
de cellen, concentratie van opperviakte actievdfestoen stabiliteit van de emulsie) is
onderzocht in fed-batch fermentaties, uitgevoere@an 2L reactor, en in een geintegreerde
opstelling, waarin dezelfde reactor verbonden wast gen 500 mL bellenkolom. Het
geintegreerde system heeft met succes 24 uur laupegeerd, zonder celgroei of
levensvatbaarheid van de cellen te beinvloedenteEcim het geintegreerde systeem is een
hoger niveau van oppervlakte-actieve stoffen enlgigsiabiliteit gemeten ten opzichte van de
standaardopstelling, wat de capaciteit voor oliegihg vermindert. Dit laat zien dat
procesconfiguratie en -condities (e.g. geometressgoom) voor verhoogde niveaus van
opperviakte actieve stoffen kunnen zorgen, vanwedtjelaire stress, en dat er een optimalisatie
stap nodig is om deze negatieve invioed te minseatin. De resultaten uit dit hoofdstuk laten
zien dat gas-geinduceerde scheiding een veelbeleveptie is voor geintegreerde scheiding
in fermentaties met meerdere fasen, wat het m&gahjakt om olie te scheiden en de cellen te

hergebruiken, zonder de fermentatie negatief tevils@den.
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Chapter 1. General introduction

Sesquiterpenes are a family of hydrocarbons wetidhmula GsH4, produced in plants
and microorganisms from their precursor isoprenégh\Wore than 300 molecular structures
identified, sesquiterpenes constitute a rich soofd@omaterials. Some of their applications
can be traced back to folk traditions where theyewextracted from plants. For example,
artemisinin extracted froirtemisia annuavas used in Chinese medicine as antimalarial drug
[1]; hernandulcin obtained froirippia dulciswas used as sweetener in Aztec tradition [2]; the
extraction of valencene from orange peel for its as flavour; or the use of sandalwood oil as
fragrance obtained fro®antalum albunn India [3]. The portfolio of applications hasdaly
increased the last years (e.g., cancer treatmgricuiure, flavours, fragrances, cosmetics,
lubricants and drop-in biofuels [4-9]). Howevegditional methods based on plant extraction
are not suitable for a sustainable production. THhew production yields
(e.g., 0.2 hA - land kg- artemisinin [10], 1 kton-oranges "kgalencene [11]) have led to a
shortage of natural resources [12]. Consequentbygyrt prices have increased reaching levels
of 100 to 1000 EUR K§ [13]. In cases such as the production of the aléinal drug
artemisinin, the high demand cannot be satisfidg 'oom the oil produced by the plants and
new alternatives are needed. The microbial prodoaf sesquiterpenes via fermentation from
renewable biomass sources, like sugar cane bagaswstitutes a sustainable solution for the
supply of these materials. Furthermore, it opeasofiportunity for new applications, like their

use as precursor for diesel-like biofuels.

1. State of the art in microbial production of sesquierpenes

Sesquiterpenes are produced via the terpenoid pgthwherein the C5 molecule
isopentenyl pyrophosphate (IPP) and its isomer thghallyl diphosphate (DMAPP) are used
as a carbon building block to produce terpenesiftérent length, all of them precursors of
valuable industrial products like isoprene (C5),nthel (C10), taxol (C20), and carotenes
(C40) (Figure 1).
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Figure 1. Overview of the terpenoid pathway wherebgesquiterpenes are produced in organisms.
Blue circles indicate isopentenyl units (C5) usedsecarbon building blocks. Example of relevant
molecules produced via this pathway are given. Eukgotes, archaea, and a few eubacteria
synthesize IPP and DMAPP from acetyl-coA via the MY pathway. Eubacteria, cyanobacteria,
green algae, apicomplexan parasites, and higher pies synthesize IPP and DMAPP from
pyruvate and glyceraldehyde-3-phosphaste via the ME pathway. MVA: mevalonic acid, MEP:
methylerythritol phosphate IPP: Isopenthenyl diphophate, GPP Geranyl diphosphate, FPP:
Farnesyl diphosphate.

Following this pathway, sesquiterpene productiom lca divided in three sections: (i)
production of C5 precursors IPP and DMAPP; (ii) iidd of two units of IPP to one of
DMAPP; and (iii) conversion of FPP into the targssquiterpene by its corresponding

sesquiterpene synthase.

The C5 precursors IPP and DMAPP can be synthe$iyefifferent routes depending
on the considered organism. The mevalonate (MVA)yay is present in eukaryotes, archaea,
and a few eubacteria [14, 15], and synthesize TRPDIMAPP from acetyl-coA. On the other
hand, the methylerythritol 4-phosphate pathway (MiERresent in eubacteria, cyanobacteria,
green algae, apicomplexan parasites, and pladtitiglzer plants [16, 17], and synthesize IPP
and DMAPP from pyruvate and glyceraldehyde-3-phasph

14



General introduction

Genetically engineered microbial strains can predand secrete sesquiterpenes
reaching titres in the order of g per L [18-20]eTtarget sesquiterpene can be overproduced in
yeast and bacteria by (i) overproducing the presurSPP (e.g., by improving the
microorganism native pathway leading to FPP, oirsgrting a heterologous one) and (ii)
expressing heterologous sesquiterpene synthase gétened from plant cDNA. Due to the
high regulation of endogenous MEP pathway in bactand the low productivity achieved so
far in yeast by MEP [21], the most promising opsi@me endogenous MVA pathway in yeast
(e.g.Saccharomyces cerevisjaend heterologous MVA pathway in bacteria (€gcherichia
coli). Several improvements have been done in the M&thyway by overexpression of key
enzymes, and by repressing or downregulating gémedved in secondary routes (e.g.,
farnesol, squalene). In addition, sesquiterpendymion can also be improved by regulating
genes outside the MVA pathway; for example, by echmg the supply of acetyl-CoA to the
mevalonate pathway [22], or by enhancing the alvsitg of cytosolic NADPH, required by
key enzymes [23]. In addition to the results putdi usingS. cerevisiaeand E. coli as
producing hosts, some alternative microorganisnte tabconvert lignocellulosic material are
being studied [24].

The improvements in the metabolic pathway alloveeth¢rease theoretical yields from
0.2 g g-glucoséto 0.3 g g-glucosk[20]. Also experimental yields have risen fromues of
< 0.1 g g-glucos&[19] to > 0.2 g g-glucose[20], closer to the maximum theoretical yield.
This is reflected in an increase in productioresitm the last years (Table 1). In addition, fed-
batch operation in large reactors allow for higbelt densities compared to laboratory shake
flask. As a result, increasing titres up to 120-gHave been reported. The recovery of the
produced sesquiterpene from the fermentation brsitbuld be, in principle, rather
straightforward. Sesquiterpenes are extracelluardphobic molecules with lower density
than water and thus, they form a light liquid phélsereafter named as oil phase) in the
fermentation broth. This oil phase is dispersediraplets due to the mixing in the reactor.
Ideally the droplets can collide and coalesce msireg their size. When they are large enough
they rise due to buoyancy forces (mechanism caliedming) where they can further coalesce
forming a clear oil layer on top of the reactordigaseparated from the aqueous phase. Several
companies, like Amyris, Firmenich, Evolva, Allyliand Isobionics have seen potential in the
microbial production of sesquiterpenes. Most ohthere already in the stage of commercial

scale production in fed-batch fermentations (T&)le

15
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Table 1. Examples of titres and yields for sesquitpene and sesquiterpenoid production

achieved inE. coli and S. cerevisiae in batch and fed-batch fermentations

Producing organism: Escherichia coli

Product Titre (L™  Yield (g g-cell')  Reference
Amorphadiene 0.3 01 [25]
Amorphadiene 27.4 0.3 [18]
Amorphadien 0.t 0.4 [26]
Amorphadiene 0.7 0’4 [27]
Producing organism: Saccharomyces cerevisiae

Product Titre (L™  Yield (g g-cel)  Reference
- 0.1 0.02 [28]
Artemisinic acid 1.0 - [29]
Amorphadiene 40 0.50 [19]
Santalen 0.1 - [30]
Farnesene 120 - [20]

a) assuming 0.35 gLof cells per unit of optical density (OD); b) assng 0.4 g L of cells per unit

of optical density (OD); c) Using ethanol as sutstrd) Using glycerol as substrate.

Table 2. Main companies involved in the microbial poduction of sesquiterpenes

Company Sesquiterpene Titre (gL ™)@ Application Reference

Amyris Farnesene, 120 Biofuels, [20, 31]
squalene, lubricants,
amorphadiene. pharmaceuticals

Firmenich  Santalene, 0.1 Flavours and [32]
valencene fragrances

Evolva/ Valencene, - Flavours and -

Allylix ° nootkatone fragrances

Isobionics  Valencene, 0.2 Flavours and [33]
nootkatone, fragrances
elemene,
bisabolene

a) Highest titre reported in literature; b) Acqudifey Evolva in 2014

16
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2. Challenges in large scale production of sesquiterpes

The scale-up of the production process of sesqpaters has unveiled challenges that
were not prominently present at laboratory scalerfa8e active components (e.g., salts,
glycolipids, proteins, cells and cells debris) présin the fermentation medium can interact
with the oil-water interface [34]. As a result, f@duct remains dispersed in a stable emulsion
of small droplets (Figure 2).

surface active
components

® .\

Q/‘@'-C}

emulsification

Figure 2. Schematic representation of emulsificatioof product droplets by the presence of surface

active components.

Methods to recover sesquiterpenes from such enmglgdfer by process scale. The
strategy reported in laboratory scale protocol®igpromote oil coalescence by adding two
volumes of a solvent (e.g. methyl-tert-butyl etheghyl-acetate, or heptane) to one volume of
sample [30, 35]. Oil phase containing solvent amddpct is recovered afterwards by
centrifugation. At large scale, the emulsion isasefed first from the agueous medium by
centrifugation. Afterwards, non-ionic surfactantse aadded to the emulsion and their
hydrophobicity is modified by increasing and desieg the temperature of the mixture. This
switch of temperatures inverts the o/w emulsion @mtemulsion of water droplets in oil [36]
(Figure 3). Finally, the remaining water is elimi@e by centrifugation. In the case of biofuel
production, additional hydrogenation is requirecs&urate the double bonds of farnesene to
yield the hydrocarbon farnesene. The presence efstirfactants in the product might
compromise required product purity (e.g. 92% to 9¢Urity for cosmetics [8]), and

consequently further purification steps might bguieed (e.g. distillation [37]).

17
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demulsification using energy-intensive
chemicals centrifugation
off-gas
glucose T
and nutrients sesquiterpene
> ¢ — — —_ — —
T l swing of temperatures \l/
. water and
air water and
cells

cells

Figure 3. Block scheme of the (reported) process #rge scale for the recovery of microbial

sesquiterpene [36].

Another aspect that should be considered in thie-sgaof the microbial production of
sesquiterpenes is that they are relatively volamitdecules (vapour pressure at 25°C between
3 and 8 Pa predicted by US Environmental Protecgency’s EPISuite™). Evaporation rates
in the order g ! have been reported in laboratory studies [25]ctvitiould imply product
losses in the order of kg'tat large scale. A common solution is extractirggséterpenes with
10-20% v/v of a relatively low volatile organic soltehke decane or dodecane (referred to as
solvent overlay in laboratory protocols) [23, 29), 32, 35]. Surprisingly, this practice
extensively used in sesquiterpene laboratory studserarely described at large scale [38].
Reported physical properties of sesquiterpenesaee (see for example [39] and the actual

impact of evaporation and the applicability of ®wits at production scale is unknown.

Finally, the transfer of oxygen from the air bulsbke the fermentation medium is
typically a limiting factor in the scale-up of abio fermentations [40]. In multiphase systems
the oil droplets can interact with the surface a$ dpubbles. This alters the oxygen transfer
mechanisms increasing the complexity of the scplgwblem. Although there is extensive

literature on oxygen transfer in multiphasic systenesults are often contradictory [41, 42].

The issues presented above have a direct impdbeiprocess cost, and the product
price. This is of especial importance in markets biofuels, where tight economic margins
are imposed by the low prices of the fossil-baseiist The aim of this thesis is addressing and

quantifying these challenges to improve producbvecy at large scale, while reducing the
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General introduction

process production cost (Table 3). By identifyingd acharacterizing the key mechanisms
involved in microbial sesquiterpene process, rea#sign and operational parameters can be
selected to promote coalescence and creaming obithphase. A low-cost technology
(e.g. hydrocyclon, or gravity settling) could beplemented afterwards to recover the product.
In addition, the selected recovery technology sthallow for cell recycling to reduce the
substrate consumption to grow mass of cells imehetor. Within the TU Delit Initiative Delft
Integrated Column Reactor project (DIRC), and idlabmration with the start-up Delft
Advanced Biorenewables (DAB, www.DelftAB.com), tli&E-Basic Foundation, and the
Bioprocess Pilot Facility (www.BPF.eu), a gas ereahoil recovery technology has been
developed. This technology consists of promotihgl@plets coalescence into a continuous oil
layer by sparging gas through the emulsion. By @m@nting gas enhance oil recovery less
separation steps might be required. Also, the usehemicals is avoided, reducing the
environmental impact and improving product qualifizis thesis makes a step forward in the
study of how this technology can be integrated ifesitu product recovery during the

fermentation to achieve product separation whil@nang for cell recycle.

In first place, a regime analysis at different esat presented whapter 2 to identify
possible windows of operation where droplet cregnmsnpromoted in a bubble column. Next,
chapter 3 studies the possibility of using solvents at laggpale to increase oil phase
concentration and promote the coalescence of thieiliged oil droplets. In addition, it
addresses the problematic of product evaporatimhhaw the presence of a solvent could help
to reduce the loss of product in the off-g&hapter 4 studies the mechanisms of oxygen
transfer in sesquiterpene fermentation and theofig®lvents as oxygen vectorh&pter 5
studies the integration of gas enhanced oil regowechnology into a fermentation.
Furthermore, it investigates the interaction ofate active components and emulsification and
the impact of oxygen limitation in the increasesafface active components and cell stress.

Finally, chapter 6 summarizes the main conclusions and the outlodkistthesis.
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Table 3. Challenges addressed in this thesis

Chapter Challenge Conclusion

2 Integration of production andThere is no operational window that allows for preitbn
gravity settling in reactor and recovery in the same compartment.

3 Use solvents at large scale thoss of sesquiterpenes due to evaporation is agtgdyv
reduce evaporation andat large scale. When solvents are compatible wiabiyoct
promote recovery formulation (e.g. use of diesel in the productioh o

farnesene for jet-fuel) it is techno-economicatadible
to use them to reduce evaporation and promote ptodu
recovery at large scale.

4 Interaction of the oil phaseOxygen transfer route prevalent in a multiphaséesyss
with oxygen transfer in aaffected by the o/w interface properties. Enhancerog
multiphase fermentation. oxygen transfer due to oil droplets acting as vscte

limited by oil phase emulsification.

5 Integration of production andlt is feasible to integrate gas enhanced oil recove a

gas enhanced oil recovery irfermentation.

reactor.
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Chapter 2. Regime analysis for integrated product recovery irmicrobial

advanced biofuels production

Abstract

One of the recent achievements in biofuel researchthe development of
microorganisms that produce advanced biofuels. & hésfuels form a second liquid phase
during fermentation, which creates the opportufatyiow cost product separation based on the
density difference with the fermentation mediuntegmating product removal and fermentation
could contribute to lower equipment and utility tsoand it might also enable the recycling of
cells. In this paper, the feasibility of gravitypseation integrated with biofuel production in a
bubble column reactor is studied, using a regimalysis approach. The two crucial
subprocesses are droplet coalescence and drogamicry, but these are hindered by
competing subprocesses: emulsification and mixiespectively. The regime analysis showed
that a multi-compartment reactor design is requitedbenefit from the advantages of

integration: cell reuse, lower equipment costs, easler separation.

This chapter has been submitted as:

Heeres*, A.S., Pedraza-de la Cuesta*, S., Heijdgh, van der Wielen, L.A.M., Cuellar, M.C,
Regime analysis for integrated product recovenyierobial advanced biofuels production

* Both authors contributed equally
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1. Introduction

In the search for better biofuels, biotech compsusiech as REG Life Sciences and
Amyris have developed microorganisms that are dapabconverting sugars to long-chain
hydrocarbon biofuels, also named advanced or drdpeifuels, using metabolic engineering
and synthetic biology [1-4]. These developmenteapecially relevant for jet fuels, since there
are no technical renewable alternatives for aigsanThe biofuels currently produced at
commercial scale, ethanol and biodiesel (transéstetipids) produced from vegetable oils
and fats, are either unsuitable as jet fuel andihoited by feedstock availability. Target
production costs for long-chain hydrocarbons ofiacb$0.60 L have been mentioned to make
these biofuels an alternative for conventional Sudl], but selling prices of $7.7Lwere
recently reported [5]. In order to lower their puation costs, a combination of process
improvements is required: a) use of a low costdemk, b) enabling anaerobic fermentation to
maximise product yield on substrate and to avoidtae related investments and energy cost,
c) implementing cell reuse, and d) developing lavgtcfermentation and product recovery

technology [6].

The microbial production of advanced biofuels cstssof a fermentation in which the
microorganism converts substrate to biofuel andeses it into the fermentation broth [7],
resulting in a four phase mixture consisting of foghrbon product (oil) droplets, aqueous
fermentation broth, microbial cells, and (fermeiotat gas bubbles. Although not much has
been reported about the secretion mechanism, itiied 8ize of the oil droplets after secretion
can be expected to be at most in the same oraeaghitude as the cells (~1 um). The recovery
of the oil droplets follows then three steps: debgirowth by coalescence, phase separation
also named creaminginduced by the density difference, and furtherdes@ence of droplets

into a continuous oil phase [8].

In a fermentation process, a wide range of suréamtwe components (SACs) can be
present, originating from cells and feedstock [B]fact, product droplet stabilisation has been
reported in the production of advanced biofuels T9je presence of SACs could hinder the

coalescence process, preventing droplet growthemmting to product emulsification.

The droplet size that is reached after the firglescence step, determines the options
for the phase separation method. Gravity separasiche most simple and cost effective
method to induce creaming, but large droplets emeired because the separation is driven by

only the gravitational force. Enhanced gravity noel (e.g., centrifugation and hydrocyclones)
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are capable of separating smaller droplets, bisetineethods are more expensive. Therefore,

we will focus on the application of gravity sepavat

Next to applying gravity separation, the processtc@ould be further decreased by
integration of product separation with fermentatpi@duction in a single unit, potentially
decreasing equipment costs. Many large scale featien processes are performed in bubble
column bioreactors, in which the bubbles (eitheargpd air in the current aerobic process or
gas produced by the microorganisms in an anaercdse) provide mixing and hence, no
mechanical power input is required. This reducesoiheerating costs and is therefore regarded
as the most suitable bioreactor type for large esgabduction of drop-in biofuels [10].
Integration of the production and separation maseHarther advantages such as enabling cell

reuse and continuous process operation.

Whether product separation can be integrated inulable column bioreactor is
dependent on the operating conditions. In this paghe possibility of integrating gravity
separation and fermentation into a single piecequiipment is studied by a regime analysis,

which takes the effects of operating conditions seale into account.

2. Regime analysis

2.1.Concept

Regime analysis is a tool that compares the rdtdedifferent mechanisms involved
in a process in order to identify the rate-limitimge. The method divides the overall process in
a sequence of steps, or subprocesses, and contpanesates. The subprocess rates are
represented as characteristic times, which inditeteime required by a mechanism to smooth
out a change [11]. The rates are inversely propaati to their characteristic times, so a
subprocess with a low rate has a large charactetiiste. One subprocess is considered faster
than the other when its characteristic time iseast one order of magnitude lower [11]. This
comparison is done in terms of order of magnituglace correlations used to determine
characteristic times also yield an order of magtetestimation of these. The subprocess with
the largest characteristic time is the rate-lingitone, determining over-all process rate and the
regime in which the process operates [12]. By assgseffect of reactor size on the
characteristic times, the scale dependency of itheess can be determined.
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Several scale-up/scale-down studies in literatarelused regime analysis as a tool for
assessing scale effects, applying it for a vardtprocesses: gluconic acid production [13],
microbial desulfurisation [14], butanol productid®], baker’s yeast production [11] and, more
recently, Baeyer-Villiger bioconversion of ketongd6, 17] and production of
biopharmaceutical proteins [18]. To achieve simiescess performance when moving from
lab to large scale, the regime should be the sam®oth scales [12]. Regime analysis can be

used to determine if a regime change will take@laben the scale of the process is increased.

2.2.Subprocess sequence definition

The first step in a regime analysis is to list $iprocesses in the production system,
which leads to the simplified sequence of subpseEeshown in Figure 1. The microbial
production of advanced biofuel starts with the sats, which is fed to the reactor and mixed
in the fermentation broth (1). Microorganisms tdke substrate (2), convert the substrate to
biofuel (3) and secrete it (4). The recovery of bhefuel begins with small product droplets
that grow by coalescence (5). When they reacltiaalrsize, the droplets cream (6) and finally

they can form a continuous oil phase on top of#aetor (7).

For conventional fermentation processes, mixingt hemoval, and oxygen transfer are
generally considered the rate-limiting subprocegk®k In this paper, we will focus the regime
analysis on the integration of product separatigh its microbial production, which will result
in additional subprocesses that have to be evalu&&Cs produced by the microorganisms
(e.g., proteins) can stabilise the oil dropletsdlening coalescence and leading to product
emulsification. In addition, mixing in the reac{d) competes with the creaming of the droplets
(6) preventing the formation of a continuous oiapé. Because we focus on the integration of
the separation process, we take the subproceslsgedréo the microorganisms not to be

limiting.

In this study, different process parameters inftiregn droplet coalescence, droplet
creaming, mixing, and adsorption of SACSs are asseby a regime analysis. Integration is

considered feasible at operating conditions in Witilsaracteristic times of coalescencg,_|
and creaming £,,) are one order of magnitude lower than the charstic times of

adsorption of SACst(,,.) and mixing (;

mix

), respectively:

Tcoa <10B—ads (1)
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. <10Lf ., (2)

Next step is expressing these characteristic tisgea function of different process
parameters. A single process parameter can inftluenaltiple characteristic times. For
example, the volumetric power input in the reaatfiuences the characteristic times of mixing,

coalescence, and SAC adsorption, as will be shawhe following paragraphs.

substrate continuous oil layer
l . Formation continuous
o | Mixing (1) | -7 e oil layer (7)

G - Creaming (6) T
Conversion (3) b b

AN

{ Adsorption
of SACs

u(fs {}
: -

Secretion (4) G
Coalescence (5)| T,
stabilized
—T droplets
L small
biofuel droplets
@

®

®

Figure 1. Schematic presentation of the subprocessévolved in the microbial production (left)
and separation (right) of biofuel. Interactions resilting from the integration are represented with

dashed lines.
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2.3.Characteristic times derivation

2.3.1. Droplet coalescence

Coalescence is a three stage subprocess (Figejraplets first collide, then the liquid

film between the droplets drains, and finally thenfruptures and the droplets merge [20].

O_) _)‘\T/’_) N
/-00~0D~CO

Collision Film drainage  Film rupture
Figure 2. lllustration of the three steps in the calescence subprocess.

When the droplet interface is not stabilized by SAfilm drainage and rupture occur
rapidly. Hence, droplet collision is the (sloweste determining step in coalescence of
unstabilized droplets [21]. The characteristic tiimethe coalescence process can be described

by the collision time of equally sized dropletsi®wn in Equation (3) [22]:

213 ~1/3
_4d,7"p

z-coa - 15(00” qI1/3 . (3)

The droplet collision rate depends on the voluroetil fraction (g, ), the droplet
diameter €, ), the overall liquid density4 ), taking into account the volume fractions of oil
and water, and the volumetric power inp& X The power input in a bubble column is

determined by the gas flow rate and the reactomg#g, combining the two in the superficial
gas velocity. Equation (4) approximates the volumngiower input by the gas displacement,

using the gravitational acceleration constag),(overall liquid density and superficial gas

velocity (v, , volumetric gas flow over cross sectional arethefcolumn) [23]:

& = 90, V.. (4)
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lonic strength and pH influence the effective debptharge, creating or neutralizing
repulsive electrostatic forces and thereby infliegccoalescence. However, at the ion
concentrations present in fermentations, the dtagiarge is shielded, and any electrostatic

repulsive forces are eliminated, therefore theseatdave to be taken into account [24, 25].
2.3.2. Droplet stabilization

SACs can adsorb at the oil/water interface of thepktts, lowering the interfacial
tension, or causing steric or charge stabilizatibthe interface, preventing coalescence and
droplet growth. The characteristic time for theag$ion of these SACs at a droplet surface is
given by Equation (5) [22],

1
0rn,?
o = (5)
dd CSAC ev2

This equation includes the surface excess condantrd ), which is the amount of

SACs adsorbing at the oil/water interface, droglateter ¢, ), the concentration of SACs in

the bulk (C;,.), and the volumetric power input as a measuré¢hi@mixing in the reactor.

2.3.3. Droplet creaming

The density difference between the oil droplets #r@lcontinuous phase results in a
buoyancy force that induces the rising of the detiplalso called droplet creaming. The
characteristic time for droplet creaming was defies the time required for an oil droplet

within a swarm of droplets to rise with a certaieaming velocity ¢, ,,....) over the height of

the column ), as in Equation (6).

r o= . (6)

To obtain the velocity of droplets in a swarm, wstfneed to calculate the creaming

velocity of a single droplety), which depends on the density difference betweitand
aqueous phaseq,), droplet diameter, drag coefficien€{) and gravitational acceleration

constant as given by Equation (7) [26].
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_ |49 (paq - poil) d,
Vd _\/ 3c:Dﬁ)w . (7)

An initial guess for the creaming velocity can Ised to calculate the Reynolds number
(Re):

Re= YPads (8)
n
An estimate of the drag coefficient can be deteeahjrusing Equation (9) [26].
C, =24 1 3Re?40.34 9)
Re

By an iterative approach, Equations (7) to (9) detee the creaming velocity of a
single droplet. Since high oil fractions are coes&tl, hindered creaming of the oil droplets
will occur and droplets should be considered te as a swarm instead of single droplets. The
Richardson-Zaki equation can be used to correctltbplet creaming velocity for this effect
[27]:

Vi, swarm — V{l-@,)". (10)

In this equation,n is a parameter that is dependent on the Reynaidear, droplet

diameter, and vessel diameter [28].
2.3.4. Mixing

Mixing is the subprocess considered to compete with droplet creaming. When
mixing is too strong, the droplets will move witietbulk liquid instead of creaming to the top
of the reactor. The mixing time in a bubble colucan be determined by making an estimation
of the circulation time of the liquid in such a eoin. Groen developed the following

correlations for describing the characteristic tiofenixing (7,,;,) in different flow regimes in

a bubble column as function of volumetric powerufbubble diameter, column diameter
( D ) and the column heightH) [29]. For superficial gas velocities lower tharcrdh s!, the
bubble flow is steady and well distributed over wigole reactor, resulting in a homogeneous

regime [29]. In this flow regime, the mixing timarcbe estimated as:
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DG 1/3 H 2
T ix.hom = 000{4—j [_J (11)
| d'g/p) (D

For superficial gas velocities higher than 4 chtle heterogeneous mixing regime is

obtained, in which the mixing caused by the bublbigs a more irregular, turbulent pattern
[29]. In this case, a distinction must be maddderand high aspect ratio bubble columns. For

a bubble column with an aspect ratio between 13acah be described by

D2 1/3
Z-mix et = 16 (12)
! [ev/ J2 j

When the aspect ratio of the column is higher ttiaee, Equation (13) gives the

D? 1/3 H 2
. =1.49 — 13
Trix {q//pl j [ DJ ( )

characteristic mixing time:

3. Base case definition

The base case for the regime analysis is a contstesmentation in a bubble column,
in which the mixing is provided by gas bubbles. Blebcolumn bioreactors are often chosen
for large scale processes, since they do not reqo@chanical power input for mixing. The
performed regime analysis aims at exploring thesjpdgy of the integration of oil recovery in
a fermentation process. Therefore, the analydiscissed on the effects of process conditions
on the droplet coalescence and creaming stepsp@iatiachieving conditions in which these
steps are enabled. This results in process conditiequirements for the integration of the
separation, which are in the end compared to comditrequired for fermentations (i.e., mixing
requirements), without going into detail in specifermentation related subprocesses (e.g.,

substrate uptake, oxygen uptake).

Both bacteria and yeast have been genetically nealdi® produce advanced biofuels,
but yeast cells are generally considered as thet modsist microorganisms for industrial
fermentation [4]. Therefore, the ye&stcerevisiadas been chosen as microorganism for this
base case. Current advanced biofuel producing igemisms operate in aerobic conditions,

as metabolic pathways require cofactors regenerdijorespiration [30]. However, research
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for microbial production of bulk chemicals is dited at developing anaerobic metabolic
pathways to increase metabolic yields, and poténtiecreasing production costs [31]. The
regime analysis presented in this study can bei@pfor both aerobic and anaerobic cases,
since gas composition has no effect on mixing. fHggiired gas flow can be controlled by the

gas inflow (e.g., by a gas recycle).

For the regime analysis, the effect of processmaters and process scale on the
characteristic times were evaluated over the sigelaiinge, while keeping all other parameters
at their default values. Table 1 summarises thepdet® set of model parameters values used
in the regime analysis, unless specified diffesef#.g., when a parameter is varied over a

range).

Table 1. Base case parameter values and ranges.

Parameter Base case Range
V, () 1 10%- 10
H/D (-) 4 1-15
Ty (MN ) 52

Pa (kg mi®) 776

@ () 0.1 0-04
v, (cm s') 5 1-10
d, (mm) 5

n,, (mPa-s) 1

Copc(mg LY 0.4 0.1-0.4
[ (mg m? 3 1-3
d, d, o din = Aoy

The reactor scale, geometry and superficial gascitglare the main parameters that

determine the reactor design and influence theacharnistic times of the subprocesses. The

column geometry is determined by the reactor volfmMg and aspect ratioH /D). The

reactor volume is varied over the complete rangmfil0 L to 1000 /) with a default value of

1000 L. The aspect ratio is varied from 1 to 15hwi default value of 4.

Mixing is provided by the flow of gas bubbles thghuthe column. The parameter

describing the gas flow in a bubble column is thpesficial gas velocity. The default value

used in the analysis is 5 cm and it is varied within a range up to 10 ci[32]. Bubbles are
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assumed to have a diameteg of 5 mm, which is a typical bubble diameter ifbble columns

[33].

The physical properties of the drop-in biofuel €nfiacial tension, o,, and

oil 1
density, o, ) are taken similar to those of hexadecane, wisithe most abundant component
in diesel fuels [34]. The highest applicable oiddtion in biotechnological processes is

considered to be 40%, at higher values severe traassfer limitations can occur locally [35].

The default volumetric oil fraction was 10% anchage up to 40% is evaluated.

The physical properties of the bulk phase, thikesfermentation broth, are taken similar
to those of water. Fermentations at large scaletygieally performed at high cell density
(50 - 100 g-cell I¥). The presence of cells increases the viscositgje@bulk phase. However,
for that range of cell concentration viscosity rémsan the same order of magnitude of water
[36].

Considering the stabilisation of the droplets,aBsumption is made that the product is
secreted without any stabilising components preaérihe oil/water interface of the initial
droplets. The droplets can be stabilised agairasiesoence by the adsorption of surface active
components. One of the best-known SACs releasedS&agcharomyces cerevisiaare
mannoproteins. These components are potent eneussifbeing readily released by the
microorganisms [37, 38]. In a batch experiment,rfAof mannoproteins per gram of cell dry
weight per hour were released [39]. A continuowscpss would result in lower concentrations
of the surface active component and a default valde4 mg L* was used, the evaluated range
was between 0.1 to 4 mg'LThe amount of protein adsorbing at the oil/wateerface is given
by the surface excess concentration. For diffeodiwater/protein combinations, the surface
excess concentration ranges between 1.5 and 3 jgan41], the default value was 3 mgim

and the range of 1 to 3 mgawas evaluated.

The parameter that comes forward in three of tle $obprocesses is the droplet size,
which is determined by a combination of processldéams and oil phase properties. This study

considers two scenarios with different droplet siz, ., andd,,,, .

The calculation of minimum and maximum stable devdize was based on the

turbulence in the reactor. Walstra et al. develdpgdation (14) for the maximum droplet size
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(d,.) stable to breakup, defined by the interfaciakten (o, ), the overall liquid density

max

( p ) and volumetric power input().

3 1/5
dmax = [ilzj (14)
A&

This is the maximum size of the droplets that dbhreakup anymore due to the shear
forces caused by turbulence. This approach talesftects of hydrodynamic interactions on
droplet collisions into account, which are direattyated to the mixing of the droplet (by the
power input). This relation, based on the degreediulence in the system, was developed for
dispersions under isentropic conditions, but alppeared to be valid for lower Reynolds
numbers [42, 43].

An expression for the minimum droplet diameteéy ( ) was developed by Thomas [44],

by relating the forces in a turbulent mixture te force and contact time of two droplets. When
the contact time exceeds the time required for flrainage, dependent on the critical film
thickness, coalescence takes place. From this tondEquation (15) was derived, relating

d.. to the continuous phase viscosity, (), the critical film thickness for coalescence)(

interfacial tension &, ), and volumetric power inpug():

2142
o,°h
dmin ~—o—, (15)
&
Droplets below this minimum droplet size will haaénigh chance of coalescence and
therefore exist for only a short time. By experinamvork of Liu and Li, Equation (15) could

be further developed to

1

] 1.38 BO.46 0.05\3.11

dmin = 0-0" AOSQ ! (16)
0.0727,€°

eliminating any empirical parameters specificalgpdndent on the system. It includes the
continuous phase density and the van der Waaldamtn@ =102 Jm) as a measure for the

intermolecular forces [21].
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4. Results and discussion

The starting points for all characteristic time ccddtions were the minimum and
maximum droplet diameters, which are determinedheypower input provided by the gas
bubbles. Figure 3 shows the minimum and maximumlstdroplet diameters as a function of
the superficial gas velocity, calculated using BEmue (14) and (16). The largest stable droplets
are in the order of millimetres, the minimum draml@meter was about an order of magnitude

lower and both decrease with increasing superfgaal velocity.

7.5 10.3
\ R M
\\ ””” dmin
5 10.2
€ \ O £
£ . T £
% RN T~ 5
£ RN T £
© -—— P— °
2.5 T T -~-_____101
0 ! 0
2 4 6 8 10
vgs(cm/s)

Figure 3. The minimum and maximum droplet diametersat varying superficial gas velocities
(V,=1m*, H/ D=4, Cg=04mgL', @,=0.1).

4.1.Coalescence vs SAC adsorption

The first step in the recovery process is dropletwgh by coalescence. Figure 4
compares the characteristic times for coalescendestbilization by SAC adsorption for the
minimum sized droplets, showing that coalescendfirise orders of magnitude faster than
stabilization of those droplets. This indicated tha emulsification problems are expected for
the very small droplets. Since droplet coalescenstower for larger droplets, coalescence of
droplets smaller thad,_, will be faster than for droplets of sizk  , so when coalescence of
the maximum sized droplets is not limiting, the #eradroplets can also coalesce. However,
for the largest stable droplets the characteristies of SAC adsorption and coalescence are in

the same order of magnitude (Fig. 5). At a supiadfigas velocity higher than 2 cm!s

coalescence is calculated to be faster than adsorpait since there is no order of magnitude
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difference between the characteristic times, thiyy ondicates that coalescence might be
promoted over emulsification with increasing sujogf gas velocity. Since the model shows
that droplet stabilization of the smallest dropletef no concern, from here on we will focus

on coalescence of the large droplets.

15 0.01 0.06 : : :
— — SAC adsorption —— — SAC adsorption
----- Coalescence 0.008 0.05p | ----- Coalescence
1 ~— \
o — 0006 G 0.04) ",
] g = \\\
N 0.004 &5 % 003| —
0.5 '~ — —
0.002 0.02|
0 : : 0 0.01 : : : : )
2 4 6 10 2 4 6 8 10
Vgs (cml/s) Vas (cm/s)

Figure 4. Characteristic times of SAC Figure 5. Characteristic times ¢c) of SAC

adsorption and coalescence fod,,,, as a adsorption and coalescence fod, ., asa
function of superficial gas velocity /., = 1 n?,  function of superficial gas velocity ¥/, = 1 n7,

H/D = 4, Cs,c= 0.4 mg/L, @, = 0.1). H/D = 4, Cs,e= 0.4 mgiL, @, = 0.1).

As Equations (3) and (5) show, SAC concentratioi, faction, and surface excess
concentration also influence the characteristi@inThe former two are in turn influenced by
the process conditions, while the latter is a pdysiemical property of the emulsifier for the
dispersion and hence, is scale independent Wheprtheess operates at high oil fraction,
coalescence is promoted (Fig. 6). Increasing th&ation should preferably be achieved by
improved microorganism productivity instead of byeoating at higher cell concentrations,
since increased cell concentrations will likelydega higher concentrations of SACs, which in

turn enhance droplet stabilization (Fig. 7).

The surface excess concentration of the emuldiigescribes the minimum amount of
emulsifier required to cover the droplet surfacke Exact value is dependent on the type of
emulsifier and composition of the aqueous and degphase. The influence of the surface
excess concentration on the stabilization charatiertime is limited. For the considered

surface excess range, 1.5-3 mg, ithe order of magnitude of stabilization remaims same.
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il ©)
Figure 6. Characteristic times fc) of SAC
adsorption and coalescence fod,, as a
function of volumetric oil fraction (V. =1

m®, HID =4, v, =5cms!, Cgpc=0.4mg LY.
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Figure 7. Characteristic times ¢c) of SAC
adsorption and coalescence fordmax as a
function of SAC concentration (V,= 1 n?,

HD=4,v =5cms', @, =0.1).

In all previous comparisons of the characteristimes for coalescence and

emulsification, none of the parameter variatiorssilts in one process being conclusively faster
than the other. However, when the process is opebi@tthe upper boundary of the oil fraction
(0.4) and a low SAC concentration is achieved (AdLL?), an order of magnitude difference
between the characteristic times for coalescendeS&C adsorption can be reached, as shown
by the ratio of characteristic times in Figure &. duch conditions, droplet growth by

coalescence readily occurs and the droplets mighebovered by gravity separation.

35

30+

25+

20+

Tads/ Tcoa G

15+

10 :

Vgs (cml/s)

Figure 8. Coalescence is an order of magnitude fastthan droplet stabilization (V, = 1m?,

H/D=4,c,.=0.1mgL% ¢, =0.4).
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4.2.Droplet creaming vs mixing

To facilitate droplet creaming, the characterisitice for creaming must be lower than
that for mixing. The superficial gas velocity, deténing the power input, influences both

creaming and mixing (Fig. 9).

60 ‘ : —
. —
—— — Creaming _—
Sr Mixing -
——
50+ -
— /
L o450
° S
40|
35|
30 I I
4 6 8 10
Vgs (cm/s)

Figure 9. Characteristic times (r) of creaming and mixing for d_,as function of

max

superficial gas velocity in the heterogeneous regenV, =1 m?, H/D =4, ¢, = 0.1).

As mentioned before, two mixing regimes are distisged: the homogeneous and
heterogeneous regime. In the homogeneous flow eegimxing is gentle, and the droplet
creaming will occur (results not shown). Howevée timited mixing in that case is likely to
be insufficient for the fermentation process antherefore we only consider superficial gas

velocities in the heterogeneous reging, ¢ 4 cm 8. When the superficial gas velocity is

increased, and the heterogeneous regime is reaghedecreases below, . However, there

is no order of magnitude difference between thesmmane of the subprocesses is conclusively

faster than the other.

Furthermorer,  is strongly influenced by the reactor geometryhef bubble column
(both aspect ratio and volume). Only at extremesetsgatios, an effect on the mixing time can
be expected (Fig. 10). The influence of the aspetat is limited in the lower range and only
when it exceeds a value of 3, the, increases. This sudden change is explained brgtdimes
existing below and above an aspect ratio of 3hasve in the section describing the mixing

time. The mixing and creaming characteristic tiraes influenced similarly when the reactor
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volume is increased. Both subprocesses slow dowmingreasing scale, but droplet creaming

is slightly stronger affected than mixing (Fig. 1This clearly suggests that integrated gravity

separation will become more difficult at large gcal

120 - 400
—— — Creaming —— — Creaming
1000 _____ Mixing S 300+ Mixing
80!
~—~ / /(,?
@ ~ 200t
:o 60+ o /
401 ///// . 1 100+ / J///,
. - / — %r . -
e N
N o 10
H/D () V, m3

Figure 10. Characteristic times ) of
creaming and mixing for d,,, as function

Figure 11. Characteristic times ¢c) of
creaming and mixing for d,,, as function

of aspect ratio (v, = 1m? v =5 cm s?). of reactor volume

— I
v, =5 cms?).

(H/D= 4,

This also shows from the ratio of characteristitas at the optimal conditions (Fig. 12).
When operating at the low end of the heterogeneegise (5 cm ) and at extreme aspect

ratio (15), ther,,is close to an order of magnitude lower than thgat lab scale

volumes (1 L). But when the reactor volume is iased, this difference is rapidly lost, showing
that scale up will cause recovery difficulties. fhermore, the mixing time at large scale
reactors under these conditions is likely to befiisient for facilitating the fermentation. For
example, in lab scale stirred vessel and bubbleneolthe mixing times will be similar [45].
When the reactor size is increased, mixing timdkstart to differ. In a 20 rfreactor, mixing
times of approximately 50 s can be achieved forestivessels [46] and 150 s for high aspect

ratio bubble columns (Equation (13)).
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10

rmix/ Teream Q)
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Figure 12. Ratio characteristic times of mixing andcreaming for d, ., (v,,= 5 cm s,

max

H /D = 15).

5. Conclusions

Process integration can contribute to lowering preduction costs of advanced
biofuels. The most straightforward case of integrais combining production and gravity
separation in a single bubble column. The possjli this integration was studied by regime
analysis. This tool is conventionally used to dmiee the rate limiting step in scale up, but
here it was used to identify whether adverse sutgmses (such as mixing and droplet
stabilization by SAC adsorption) would hinder theegration of advanced biofuel production
and separation. Parameter variation was used &rdete whether operating conditions and
reactor geometry can be chosen in a way that fhe@ragon can take place, and those conditions

were compared to conditions required for fermeataffom laboratory to production scale.

The first step in the oil recovery, droplet groviiy coalescence, is not directly scale
dependent. The regime analysis showed the impatahtimiting the SAC concentration and
obtaining a high oil concentration for coalescenadiich both can be related to the
microorganism performance. From the perspectivéhefintegrated process, improving the
microbial productivity is preferred over increasithg overall productivity by operating at high
cell concentrations, because the latter will like§sult in increased SAC concentrations.
Furthermore, taking the release of SACs by the ooiganism into account during strain

development could also contribute to enhanced dtagrowth. When a high oil fraction is
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reached, and the SAC concentration is limited, @togrowth by coalescence takes place and
droplet stabilization by SACs will not be a problefihis is valid under the earlier made
assumption that the secreted product is not ihjtisfabilised. When this is the case, the
coalescence subprocess should be described irieaedif way. In this chapter, the collision
frequency is used to obtain an expression for Haacteristic time of coalescence, but when
the droplets are formed already stabilised, a dbariatic time based on the rupture of the

stabilising film would be required.

For the next step in the oil recovery, droplet oreay, gravity separation is the cheapest
process option. The regime analysis compares theacteristic times for creaming with
mixing. When mixing is too strong, the dropletsivaié back-mixed instead of separated. The
analysis showed that it is possible to achieve itmms$ at lab scale in which droplet creaming
is faster than mixing, with a comparable mixingeinm the bubble column as in a lab scale
stirred vessel. However, at increased productiafesthe limited superficial gas velocities and
extreme aspect ratios required to promote dropledming over mixing, cause that droplet
creaming cannot be promoted while maintaining &letéermentation conditions. So for large
scale integration, the integration of productior aeparation might only be achieved in a
reactor in which two sections with different progeonditions (especially superficial gas

velocity) are combined, one section for fermentaaod one for separation.

Challenges in such a design are to control theddgiramics in the different sections
and to couple them, while maintaining the microlll performance. The design of such an
reactor and experimental testing of the scale-dpcesf are the next steps to be taken in
developing low-cost process technology, which ia ¢#md is one of the aspects required for

economically feasible production of advanced bitfue
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Nomenclature

Roman

B

Van Der Waals parameter

C, Drag coefficient

D Diameter

H Height

Re Reynolds number

Vv Volume

c Concentration

e Power input

d Particle diameter

g Gravitational constant
h Critical film thickness
n Richardson-Zaki parameter
% Velocity

Greek

r Surface excess concentration
n Viscosity

Jo, Density

o Interfacial tension

r Characteristic time

¢ Volume fraction
Subscripts

v Volume specific
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b Bubble
d Droplet
I Liquid

r Reactor

aqg Aqueous

oil  Qil

ads Adsorption
coa Coalescence
crm  Creaming
mix  Mixing

max Maximum
min  Minumum

SAC Surface active component

47



Chapter 2

References

1. Rude, M.A. and Schirmer, ANew microbial fuels: a biotech perspecti@urr. Opin.
Microbiol., 2009.12(3): p. 274-281.

2. Schirmer, A., Rude, M.A., Li, X., Popova, E. att Microbial biosynthesis of alkanes
Science, 20129 p. 559-562.

3. Renniger, N.S. and McPhee, Buel compositions comprising farnesane and
farnesane derivatives and method of making andgusaime Amyris Biotechnologies,
Inc. 2008. US 7399323 B2

4, Westfall, P.J. and Gardner, T.l8dustrial fermentation of renewable diesel fu€arr.
Opin. Biotech., 201122(3): p. 344-350.

5. Bullis, K. Why Amyris is focusing on moisturizers, not fusnow MIT Technology
Review, 2012.

6. Cuellar, M.C., Heijnen, J.J., and van der Wigle\.M., Large-scale production of
diesel-like biofuels - process design as an inhtgwant of microorganism development.
Biotechnol. J., 2013(6): p. 682-689.

7. Dunlop, M.J., Dossani, Z.Y., Szmidt, H.L., CitLC., et al.,Engineering microbial
biofuel tolerance and export using efflux punsl. Syst. Biol., 20117.

8. Heeres, A.S., Picone, C.S.F., van der WieleA,M., Cunha, R.L., et al.Microbial
advanced biofuels production: overcoming emulsifica challenges for large-scale
operation.Trends Biotechnol. , 20182(4): p. 221-229.

9. Tabur, P. and Dorin, @ethod for purifying bio-organic compounds fronmfientation
broth containing surfactants by temperature-inducetiase inversion.2012.
W02012024186

10. Keasling, J.D., Hu, Z., Somerville, C., Chyr€h, et aProduction of fatty acids and
derivatives thereol.s9 Inc. 2011. WO2007136762A3

11. Sweere, A.P.J., Luyben, K.C.A.M., and KosseNW/¥., Regime analysis and scale-
down: Tools to investigate the performance of kacters. Enzyme Microb. Tech.,
1987.9(7): p. 386-398.

12. Johnstone, R.E. and Thring, M.WRilot plants, models, and scale-up methods in
chemical engineerindl957: McGraw-Hill.

13. Oosterhuis, N.M.G.,Scale-up of bioreactors: A scale-down approachn
Biotechnology1984, Technical University Delft: Delft.

48



Regime analysis for integrated product recovemyicrobial advanced biofuels production

14.

15.

16.

17.

18.

19.

20.

21.

22.

23.

24,

25.

26.

Huber, T., Kossen, N., Bos, P., and KuenerDdsjgn and scale up of a reactor for
microbial desulphurization of coal: A regime anadysnnov. Biotechnol. , 198420: p.
179-189.

Schoutens, G.HModelling and design of animmobilized cell procéss solvent
production in Applied Scienced986, Technical University Delft: Delft.

Law, H.E.M., Baldwin, C.V.F., Chen, B.H., andWdley, J.M. Process limitations in
a whole-cell catalysed oxidation: Sensitivity arsgdyChem. Eng. Sci., 20061(20):
p. 6646-6652.

Melgarejo-Torres, R., Torres-Martinez, D., @utz-Rojas, M., Gomez de Jesus, A.,
et al.,Regime analysis of a Baeyer-Villiger bioconversioa three-phase (air—water—
ionic liquid) stirred tank bioreactoBiochem. Eng. J., 20158: p. 87-95.

Titchener-Hooker, N.J., Dunnill, P., and Hodvle, Micro biochemical engineering to
accelerate the design of industrial-scale downstigaocesses for biopharmaceutical
proteins.Biotechnol. Bioeng., 2008.00(3): p. 473-487.

Garcia-Ochoa, F. and Gomez, Bigreactor scale-up and oxygen transfer rate in
microbial processes: An overvietiotech. Adv., 200927(2): p. 153-176.

Frising, T., Noik, C., and Dalmazzone, The liquid/liquid sedimentation process:
from droplet coalescence to technologically enhdneeter/oil emulsion gravity
separators: a reviewd. Dispers. Sci. Technol. , 200&: p. 1035-1057.

Liu, S. and Li, D.Prop coalescence in turbulent dispersio@hem. Eng. Sci., 1999.
54: p. 5667-5675.

Walstra, P.Principles of emulsion formatiorChem. Eng. Sci., 19938(2): p. 333-
349.

Sanchez Pérez, J.A., Rodriguez Porcel, E.MsaLa0pez, J.L., Fernandez Sevilla,
J.M., et al..Shear rate in stirred tank and bubble column biateas. Chem. Eng. J.,
2006.124(1-3): p. 1-5.

Deshiikan, S.R. and Papadopoulos, Klbndon-van der Waals and EDL effects in the
coalescence of oil drops: Il. ionic strength and pHects.J. Colloid Interface Sci.,
1995.174(2): p. 313-318.

Tobin, T. and Ramkrishna, palescence of charged droplets in agitated ligiqdid
dispersionsAIChE J., 199238(8): p. 1199-1205.

Reynolds, T.D. and Richards, P.8edimentationin Unit operations and processes in
environmental engineerind.996, CL Engineering. p. 219-283.

49



Chapter 2

27.

28.

29.

30.

31.

32.

33.

34.

35.

36.

37.

38.

39.

40.

50

Walstra, P.Emulson Stabilityin Encyclopedia of Emulsion Technology. Val.P4
Dekker, Editor. 1996, Marcel Dekker, Inc.: New York

Janssen, L.P.B.M. and Warmoeskerken, M.M.CGansport phenomena data
companion 2001, Delft: VSSD.

Groen, D.JMacromixing in bioreactors1994, Delft University of Technology: Delft.

Ladygina, N., Dedyukhina, E.G., and Vainsht®B., A review on microbial synthesis
of hydrocarbonsProcess Biochem., 20061(5): p. 1001-1014.

Weusthuis, R.A., Lamot, I., van der Oost, dd Sanders, J.P.MMicrobial production
of bulk chemicals: development of anaerobic proeesbrends Biotechnol., 2011.
29(4): p. 153-158.

Almeida, J.R.M., Modig, T., Petersson, A., Hifdgerdal, B., et al.Jncreased
tolerance and conversion of inhibitors in lignocddisic hydrolysates by
Saccharomyces cerevisiak.Chem. Technol. Biotechnol., 20@2(4): p. 340-349.

Heijnen, J.J. and Van't Riet, lass transfer, mixing and heat transfer phenomena i
low viscosity bubble column reactoShem. Eng. J., 19828(2): p. B21-B42.

Bacha, J., Freel, J., and Gibbs, Biesel Fuels Technical Reviel2007, Chevron
Products Company.

Cabral, J.M.S., Mota, M., and Tramper Multiphase Bioreactor Desigr2001: CRC
press.

Reul3, M., Jo&iD., Popou, M., and Bronn, W.K.Viscosity of yeast suspensioksir.
J. Appl. Microbiol. Biotechnol., 197%8(3): p. 167-175.

Cameron, D.R., Cooper, D.G., and Neufeld, Rlle, mannoprotein of Saccharomyces
cerevisiae is an effective bioemulsifi&ppl. Environ. Microbiol., 198854: p. 1420-
1425.

Cameron, D.Rldentification and characterisation of mannoprotemulsifier from
Bakers yeastin Department of Biotechnology992, McGill University: Montreal,
Quebec, Canada.

Dupin, I.V.S., McKinnon, B.M., Ryan, C., Boulay., et al. Saccharomyces cerevisiae
mannoproteins that protect wine from protein hatbeir release during fermentation
and lees contact and a proposal for their mecharo$mction.J. Agric. Food Chem. ,

2000.48(8): p. 3098-3105.

Bos, M.A. and van Vliet, Tlinterfacial rheological properties of adsorbed peot
layers and surfactants: a reviewdv. Colloid Interface Sci., 20091(3): p. 437-471.



Regime analysis for integrated product recovemyicrobial advanced biofuels production

41.

42.

43.

44.

45,

46.

Tcholakova, S., Denkov, N.D., Ivanov, I.B., aBdampbell, B.,Coalescence irp-
Lactoglobulin-Stabilized EmulsionsEffects of Protein Adsorption and Drop Size.
Langmuir, 200218(23): p. 8960-8971.

Levich, V.G., Physicochemical Hydrodynamicsl962. ISBN: 978-0136744405,
Englewood Cliffs: Prentice-Hall. 395-471.

Walstra, P. and Smulders, P.EBmulsion formationin Modern aspects of emulsion
scienceB.P. Binks, Editor. 1998, The Royal Socieletyasiemistry: Cambridge. p. 58-
74.

Thomas, R.MBubble coalescence in turbulent flowrst. J. Multiph. Flow, 19817: p.
719-717.

Amanullah, A., Buckland, B.C., and Nienow, A, WMixing in the fermentation and cell
culture industriesin Handbook of industrial mixing: science and practiel.. Paul,
V. Atiemo-Obeng, and S.M. Kresta, Editors. 2004hnJ@Viley & Sons: New Jersey. p.
1071-1110.

Hewitt, C.J. and Nienow, A.WThe scale-up of microbial batch and fed-batch
fermentation processe&dv. Appl. Microbiol., 200762: p. 105-35.

51



52



Chapter 3. Techno-economic assessment of the ussalivents in the
scale-up of microbial sesquiterpene production fofuels and fine

chemicals

Abstract

Sesquiterpenes are a group of versatile, 15-cartmacules with applications ranging
from fuels to fine chemicals and pharmaceuticalbeWproduced by microbial fermentation
at laboratory scale, solvents are often employed réalucing product evaporation and
enhancing recovery. However, it is not clear whethech approach constitutes a favorable
techno-economic alternative at production scalethls study empirical correlations, mass
transfer and process flow sheeting models were tospdrform a techno-economic assessment
of solvent-based processes at scales typicalwdifland fragrances (25 MT*yand fuel market
(25000 MT y*). Different solvent-based process options werepamed to the current state of
the art which employs surfactants for product recgvAlthough the use of solvents did reduce
sesquiterpene evaporation rate during fermentatmmhimproved product recovery, it resulted
in higher or similar cost than the base case dubdaadditional equipment cost for solvent-
product separation. However, when selecting sodveampatible with the final product
formulation (e.g. in a kerosene enrichment procassit costs as low as 0.7 $kgan be

achieved while decreasing environmental impact.

This chapter has been published as:

Pedraza-de la Cuesta Cuesta, S., Knopper, L.deaWielen, L. A. and Cuellar, M. C. (2019),
Techneeconomic assessment of the use of solvents incilesp of microbial sesquiterpene
production for fuels and fine chemicals. Biofu@&prod. Bioref., 2019. 13: 140-152.
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1. Introduction

Sesquiterpenes are 15-carbon isoprenoids with agijglns in different markets like
flavors, fragrances, cosmetics, pharmaceuticalemg) lubricants, and biofuels [1, 2].
Normally sesquiterpenes are extracted from plantsshich they naturally occur. However,
this method is costly, presents low yields and maaterials are usually scarce, resulting in high
product prices ranging from ~100 to ~1000 EUR! kg]. The use of genetically modified
microorganisms to produce sesquiterpenes via fem@tien is a promising alternative to
overcome these problems. Recently developed streams secrete sesquiterpenes to the
extracellular medium reaching titers in the ordiegrams per liter [4, 5]. Sesquiterpene forms
a separate oil phase with lower density than watbich is very attractive from the point of
view of product recovery. Several companies likeyAs) Firmenich, Isobionics, Allylix and
Evolva are currently developing processes at corialescale. For example, Amyris already
produces farnesene (a precursor for farnesane, eocratized under the name of Biofene®).
Moreover, they have successfully developed a migardsm for the production of amorpha-
1,4-diene, a precursor for the malaria medicinenaiginin, while Sanofi Aventis is currently

working in the process scale up and commerciatinati

In spite of these industrial developments, liter@twn process technology and
guantitative data is limited to a few patents [§-BXientific publications are mainly focused
on metabolic improvements and fermentation yielsq, 11-16]. Those laboratory scale
studies briefly describe the processing of sestpeétees for analytic purposes (Figure 1A), and
typically employ solvents during fermentation araimple handling [8, 13]. However, the
reason for applying this method, the impact ofgblvent in the process, or its applicability at
industrial scale is not explicitly stated. In thalléwing section the mechanisms in which
solvents play a role in the laboratory scale prof®and their potential application at large scale

are discussed.
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Table 1: Predicted physical properties sesquiterpess and solvents typically used in sesquiterpene hoction. Unless indicated otherwise, source:
ChemSpider database (Data generated using the US WHronmental Protection Agency’s EPISuite™) at 25°C.

p T, p® K, LogP,, cv o, c,,
Example  (gmL?) (°C) (Pa)  (atm m*mol?) - (mgL?Y)  (MNm?Y) (MmN m?
Santalene 0.89 238 7.6 0.39 6.4 0.039 36 -
Caryophyllene 0.89" 257 4.2 0.69 6.3 0.050 31 51°
Farnesene 0.86" 261 3.3 0.10 7.1 0.011 26 -
Amorphadiene 0.9¢ 258 4.0 0.69 6.3 0.054 26 -
Dodecane [13] 0.75 206 18 9.35 6.1 0.110 35 50°
Decane [8] 0.74 165 191 5.30 5.0 1.252 D4 52°
Ethyl acetate [8] 090 78 1243 2.3 16 0.7 2.99 16 2£ 7
MTBE [46] 0.74" 47 33331 2.010° 0.9 1.98 16 19 11°
Triton x-114 [9] 1.08 - - - - Soluble 31 -

a ACD/Labs Percepta Platform - PhysChem Moduleataphysics [47] @20 °C and Demond and Lindner (8mperature not reported); c CAMEOdatabase [48]@20
d Montafioet al[49] @20 °C; e Hickekt al.[50] (Temperature not reported); f Experimentalégermined in this work at room temperature; gnesstied from experimental
results using [37]; h Chem Src Safety Data shé@&ew Safety Data Sheets
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1.1.Roles of solvent in the production of sesquiterpese
1.1.1. Lowering evaporation rate of sesquiterpene

Sesquiterpenes are relatively volatile moleculeble 1), and thus, part of the product
can be transferred to the gas phase during theefgation. Evaporation rates in the order of
mg h' have been reported to occur at laboratory scahediatations reaching product titers in
the order of mg per L [16]. In addition, 3% of pumd loss has been reported in a 2L scale
bioreactor reaching product titers in the ordegqfer L [6]. A typical solution is adding an
overlay of 10%20% v/v of a relatively low volatile organic sol\tgle.g. decane or dodecane)
to the fermentation mediunfigure J1A), capturing the hydrophobic sesquiterpene mo&scir
the organic phase [8, 11, 13, 16, 17]. Althoughk thia common practice at laboratory scale,
the actual impact of the solvent on the producpevation rate is unknown, and studies on
sesquiterpene evaporation, and VLE physical pragsedf sesquiterpenes are scarce; see for

example Schuhfriedt al.[18].

Solvent selection criteria for sesquiterpene feratgons are, among others, low
volatility, low tendency to form emulsions, andaxttion coefficient octanol/water higher than
10° (log Pw>5) which, in principle, excludes toxicity problenrs microorganisms likeS.
cerevisiag[19]. When using solvents at production scale, additisabvent selection criteria
like high relative volatility should be consideried a cost-effective solvent-product separation.
Alternatively, this separation step could be bypddsy choosing solvents compatible with the
final product formulation. Examples include the v$enethyl oleate or isopropyl myristate in
the production of amorphadiene [5], canola oilhia production of the sesquiterpene alcohol

bisabolol [20], and farnesene as solvent in thelpeton of the monoterpene limonene [21].

1.1.2. Enhancing oxygen transfer during fermentation

In aerobic fermentations oxygen is generally siggpby sparging air bubbles into the
bioreactor. The oxygen is transferred from the bedbinto the aqueous phase, and once there,
it is available to be consumed by the microorgasishine oxygen transfer rate (OTR) depends

on the overall mass transfer coefficietd, &), and the difference in oxygen concentration

between the gas/liquid interface and the bulk tophase AC,, ):

OTR=k ad G OV
kad G, )

57



Chapter 3

The k a is dependent on physical properties of the systeargactor geometry, and

hydrodynamic conditions [22]. OTR is typically oné the limiting factors in scale-up of
aerobic fermentations [22]. Due to the low solupitif oxygen in water, oxygen limitation may
occur affecting the fermentation performance. Oxymitation can be avoided by increasing
the power input of the system, but this is hightemrgy demanding (e.g. due to aeration and
agitation), especially at large scale. Since oxygessents 10-times higher solubility in
hydrocarbons than in water [23], a possible altéwvaas using solvents as oxygen vector to
enhance OTR. This concept has been claimed in enpapplication by Isobionics for the
production of the sesquiterpene valencene [24]; él@w, the net effect of the solvent on the

OTR is controversial since it depends among othetofs on the oil fraction used [23].

1.1.3. Product recovery: enhancing coalescence and creangiof the oil phase

Sesquiterpenes are hydrophobic liquids, with logesrsity than wateiablel). During
the fermentation, microorganisms synthesize andesesesquiterpene to the extracellular
medium, where it forms a separated phase (addréssbd work as oil phase) dispersed as
droplets due to the mixing in the reactor. Dispérsé droplets can and coalesce into larger
ones. These large droplets can rise due to theerlaensity than the aqueous medium. This

mechanism is called creaming, and its velocity)(depends on the sizel(, ) and the density

of the oil droplets p, ):

Vy = A0 A - oy ) T, / (305, ) (2)

Coalescence and creaming contribute to productepkaparation and therefore are
desirable mechanisms for reducing product recozesys. When fermentations are performed
in the presence of solvent, there is a larger witdtaction in the bioreactor. For example, a
15% v/v oil phase was described in an amorphad@&neentation, of which 10% v/v accounted
for solvent [5]. Higher oil fractions increase theoplet collision leading to larger averaged
droplet size [25, 26]. Moreover, depending on teegity of the selected solveritaplel) the
overall density of the oil phase can be reducedirimuting to its creaming. Therefore,
implementing solvents for reducing product evapgoratcould also contribute to improve

product recovery.
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1.1.4. Demulsification of the oil phase by phase inversion

Several components of the fermentation broth (saits, glycolipids, proteins, cells and
cells debris) can hinder coalescence by loweriegoiliwater (o/w) interfacial tension and/or
stabilizing the o/w interface [27]. As a resultethroduct is not a homogeneous continuous
phase, but a stable emulsion. Although the formatibsesquiterpene emulsions are usually
not mentioned in laboratory scale studies [20, &3k problem has been reported at larger
scales [9]. Reported recovery methods consist odimcimg phase inversion, obtaining an
emulsion of water in a continuous oil phase (w/ohich is separated afterwards by
centrifugation. Phase inversion can be (i) traos#l (TPI), (ii) catastrophic (CPI) or (iii)

induced by partial crystallization of the solvent.

TPI consists in adding a nonionic-surfactant arcteasing the emulsion temperature
until the surfactant becomes more soluble in thelmse [29]. Tabur and Dorin [9] report the
use of Triton-X114 and temperatures of 60 °C fof @Fsesquiterpene emulsions at large scale
(300 L fermentation). CPl is induced by addingpti&se until a critical concentration is reached
[29-31]. Applicability of CPI as a recovery stepanproduction process involving microbial
emulsions has been reported by Gloakal.[32]. There is no experimental data on critical o/w
ratios for inversion of sesquiterpene emulsionsyéheer laboratory scale protocols report the
addition of 2 volumes of solvent per volume of brf&,13] Figure 1A). Finally, phase inversion
by partial crystallization of the solvent can bduped by first lowering the temperature in order
to form a crystal network of solvent across theptets walls, and then heating the emulsion
above the solvent melting temperature. To our kedgé, there is no data regarding the

applicability of this method to sesquiterpene erouls.

Using CPI instead of TPI has the advantage of angithe use of costly surfactants and
changes of temperature. The main disadvantage bfisCiRat it requires an extra step for
solvent-product separation; However, TPl might atsgquire additional purification steps like
distillation [10] for meeting the purity specificahs of some applications (e.g. 92%-94% w/w
purity for cosmetics [2]). Furthermore, solventguect separation costs can be reduced by
selecting solvents with high vapor pressure; foanegle, methyl-tert-butylether (MTBE),
ethyl-acetate or heptane are typically used atr&tboy scale [8, 13]. On the other hand, these
solvents can be toxic for cells due to their higketubility in water, compromising the
possibility of cell recycling. Hence, interestindteanatives for reducing solvent-product

separation steps include using the same solveint the bioreactor for reducing evaporation,

59



Chapter 3

using a solvent compatible with the final produmtnfiulation (e.g., diesel for sesquiterpene-

based biofuels), or increasing the oil fractionrégycling sesquiterpene.

1.2. Aim of this work

This work studies the effect of solvent in the eMapion rate, droplet size and oil phase
recovery in sesquiterpene fermentations by usingigeal correlations and transfer models
based on predicted VLE properties. In additiorevaluates the techno-economic impact of
using solvents in a microbial sesquiterpene pradogbrocess by means of flow sheeting at
two scales, namely 25 MTYyflavors and fragrances market) and 25000 MTawiation fuel

market).

2. Materials and methods

2.1.Experiments
2.1.1. Preparation of o/w dispersions

Oil in water dispersions were prepared in a 2-Lkgaed vessel (Applikon, The
Netherlands) containing 1.275 L of demineralizedenaand 0% to 10% v/v of sesquiterpene
and dodecane (Sigma Aldrich, >99% purity). Experiteewere performed using the
sesquiterpene caryophyllene (kindly provided byrieinich, >95% purity), since it presented
higher stability than commercially available syrtbéarnesene, and their physical properties
are expected to be similargblel). The vessel was aerated using pressurized aifledv rate
of 1.5 nL min', controlled by a mass flow controller (Brooks mmshent, Hatfield, United
States); the temperature was maintained at 35°€Cttmn stirring speed of a 6-blade Rushton
impeller of 45 mm diameter was kept at 1000 rpmrafien, temperature and stirring speed
were chosen in order to mimic typical fermentateaomditions. To eliminate effects of any
residual surfactants the vessel was cleaned wegwar dish soap, rinsed two times with demi-

water, cleaned two times with 70% ethanol and dregain with demi-water.

2.1.2. Droplet size analysis

Droplet images were recorded in situ by a SOPADerGOPAT Gmbh), and analysed
using the image analysis software provided by SORATbh [33] as described by Heewrds
al. [34]. A set of 100 pictures was taken 30 minutiésravery oil addition, ensuring a stable

droplet size and more than 1000 droplets per daitd.p
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2.1.3. Surface tension

Surface tension of wateoy,), caryophyllene §,,), and dodecaned,) (Tablel)

were measured using a Kriss ring tensiometer (nm@idz80).

2.2.Modeling
2.2.1. Droplet size and required separation area
In this work, the model proposed by Alopaeisal. [35] which applies for turbulent
conditions, was chosen to estimate the droplet(&izg) in the bioreactor, using the volume
fraction of the dispersed phasg,(), the power input per unit mass,(), the o/w interfacial
tension (), the viscosity of the continuous phagg, ), the densities of the dispersed,()
and continuous phaseg(), and a set of universal constants, which arepgaddent of the

operating conditions and design parameters=4®7 10°, C,=5.52 10% Cs= 2.17 10
C4=2.28 13°* m?) [36]:

C,

In [10.8038305J :gM[hT o To(1t9)

o2 (1+g)°\ 2 Poir s Tt ° 3
The required separation area for recovering theeidged oil droplets of sized(, ) and
density (o,,) in a disk-stack centrifuge was estimated basethersigma factor ). This

factor is the equivalent cross-sectional areagrbaity settler and depends on the efficiency of

the centrifuge £), the viscosity of the aqueous phasg)( and the maximum capacity

throughput (Q):

1813,

s-Q_ 184,
'3 doiI2 [G:q = Lsi ) Lo (4)

2.2.2. Evaporation rate: L-V and L-L-V transfer models

The evaporation rate of sesquiterpeRrg,)X can be estimated from its molar fraction in

the gas phasey(), and the total flow of gas leaving the biorea¢ty):

&vap = yDFG (5)
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In this work, the maximum evaporation rate of séegpenes at different aeration rates,

fermentor volumes, and solvent volumetric fractiomas evaluated by phase equilibrium

models based on predicted physical properties €Tap] and experimental data from

Schuhfriedet al.[18]. Two possible transfer routes were considered
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» Transfer from oil droplets to gas bubbles via agsephase (L-L-V): This model

determines the molar fraction of the sesquitergartbe gas phasey( in equilibrium
with the aqueous phase as a function of the Hencgsastant k,), the total

pressure @, ), and the concentration of sesquiterpene in theaas phased®).

tot

ot (6)

Assuming equilibrium conditions between the oil atite aqueous phase, the
concentration of sesquiterpene in the aqueous phasesstimated as the ratio between

the concentration of sesquiterpene in the ail'{, and the predicted values of the

sesquiterpene distribution coefficient between tewaal and water'%w):

core

Fou (7)

CW

* Direct transfer from oil to gas phase (L-Whis model assumes that oil droplets collide
with gas bubbles allowing direct transfer of setgmpiene from oil to the gas phase.

Assuming ideal behaviour, the gas phase composftjgnin equilibrium with an oil

phase of compositionx() can be estimated by the Raoult’s Law:

y=x{p*/R)
(8)
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Figure 2: Maximum estimated evaporation rate at 1vin gas flow and 35°C, as function of the
fermentor working volume for two different routes: L-V modelled by Raoult’s law, and L-L-V
modelled by Henry’s law. x=1 is the composition an oil phase purely composed of sesquiterpene
and x=0.5 represents a situation where 10%v/v of squiterpene is produced in a bioreactor
containing 10% v/v of solvent. Distribution of oil phase on gas-water interface depends on the
contact anglep: (i) When pB=0° oil phase is fully spread onto gas surface (ifj<90° oil beads with

large contact area oil-gas are formed, and (iii) if>90° oil beads with low oil-gas contact area are
formed.

Using the properties of farnesene as reference,nmb&mum evaporation rate of
sesquiterpene in a bioreactor working at 35°C,nl atd aerated at 1 vvm were estimated for
both routes at different working scales (FigureA2preliminary analysis considering interfacial
tensions was performed to elucidate which routease probable. The prevalence of one the
other depends on the interfacial properties ofttinee phases. Upon droplet-bubble collision,
oil can remain on the bubble surface as beads$,camni spread forming a layefigure 3. The
first situation would favour L-L-V transfer of sasterpene via aqueous phase, whereas the
formation of an oil layer on the bubble would prdmdirect L-V transfer of sesquiterpene. The
values of interfacial tensiong(,) for caryophyllene and dodecarieale 1) were estimated
following the method developed by Girifalco and @of37] Eqg. (9) using®=0.5595 as
indicated by Demond and Lindner [38] for aliphatydrocarbons.

— 1/2
Uow - an+ Uwa_ 20 l:(a-oawwa)

(9)

63



Chapter 3

The spreading coefficien§), indicating the wetting of a gas bubble by thiepbiase in

presence of water, and the contact arflebetween the three phases were calculated from the

interfacial tension values as described by Rowlinsod Widom [39]:

S:UWG_(UOa-i-UOW) (10)

C0S(8)=( Oy F =~ 0o f ~ 0af) /(@0 0[5 )
11)

2.2.3. Process simulation: Basic assumptions

The techno-economic performance of a reference (E&g@e B) based on Tabur and
Dorin [9] has been compared to a solvent-basedegs€igure IC) by using the flowsheet
simulation software SuperPro Designer™ (v 9.5 b@)d Farnesene has been selected as
reference sesquiterpene due to its wide rangemicapions at different production scales (e.g.,
flavors, fragrances and fuels), and due to thelavitity of some experimental data for product
recovery. Several cases have been consideredef@ptiient-based process in order to account
for the different roles that solvents can play (f€&2). In addition, a scenario in which produced
sesquiterpene is used to enrich kerosene has besidered to represent an alternative in which
solvents are compatible with the final product fafation. All cases included fermentation,
primary recovery by centrifugation, demulsificati@amd, when indicated, product/solvent

separation. The basic assumptions per step arelssbdelow.

» Fermentation: Stoichiometric model based on metaba pathway

In this work, 100 g I of sesquiterpene are produced in a continuousaaor by a
recombinant strain d. cerevisiae&via glycolysis and mevalonate pathways accordinthéo
following process reaction:

-53GH,0,-6.00 -0.9NH OH+1.0C kK +44CH Q N +12QC+17.8HC 12)
1

The previous equation assumes a production of 12AMB per mol of sesquiterpene
(based on metabolic pathway), a yield of 16.5 dscpér mol of generated ATP [40], a
maintenance coefficient of 0.05 mol ATP C-mdtK?! [41], and a specific growth rate of
0.04 h'.

The evaporation rate of sesquiterpene in the bidboeavas estimated by the L-V model

presented in Eq.(5), considering fermenters witladfagas condenser. In order to evaluate the
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use of solvent for reducing product evaporatiorseca using 10% v/v of dodecane in the
fermentation, is compared to case 2 and case 2& €amplements an off-gas condenser at
15 °C to recover the evaporated sesquiterpenepwiell by a settler to separate the
sesquiterpene from condensation water. Case 2B mhgeiacorporate product recovery from

the off-gas.

No effects in fermentation performance have beeonted in sesquiterpene literature
for oil fractions of 0.1 v/v to 0.2 v/v. At thesd bractions it is expected that it only affect®th
stirring and aeration requirements for maintairengugh dissolved oxygen in the fermentation
broth. In consequence, the current work does nosider any impact of the solvent in the
fermentation model. Potential improvements in oxygansfer would be reflected in utilities
requirements (i.e. power consumption for stirrind aeration). However, our results show that
in all cases the utilities contribution to the aptérg costs is less than 7.5% (see Table S8 in

Supplementary Material). Hence, no significant exoit impact is expected.

* Recovery of dispersed oil phase from aqueous brotiRisk stack centrifuge

The dispersed organic phase is separated fromgtneoas phase and the cells using a
disk stack centrifuge. Based on data reported Byuif@and Dorin [9], it is assumed that
90% w/w of the oil phase is recovered in the foriran emulsion containing: 75% w/w oll,
5% wi/w cells, and 20% w/w water. The droplet siz¢he dispersion entering the centrifuge

was calculated using the model presented in Eq. (3)

In order to evaluate the impact of solvent in ed¢avery by promoting coalescence and
creaming in the reactor, case 1 using 10% v/v aiedane in the fermentation is compared to

case 2 which does not incorporate any solventarfelmentation.

» Demulsification and recovery of clear oil phase: Bk stack centrifuge

In the base case the o/w emulsion is inverted by Ay adding 0.5% w/w of
Triton x- 114 as reported by Tabur and Dorin [@]chses 1 and 2 the o/w emulsion is inverted
by CPI by adding to the emulsion 2 volumes of MTji# volume of fermentation broth leaving

the reactor as reported in laboratory scale prdéd&j.

For evaluating alternative solvents to MTBE for CdBses 3 to 5 were developed using
2:1 viv of dodecane, recycled farnesene and keeosespectively. In all cases, the continuous

oil phase is separated from the water phase byiftegdtion in a disk-stack centrifuge assuming
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98% of clear oil recovery, a cell diameter qfrh [42] and a cell density of 1050 g l(SuperPro

Designer™ database).

* Solvent-product separation: Distillation

Solvent-product separation is simulated in SupeiPesigner™ using a distillation
column. In case of using more than one type ofesdlan additional column was considered.
Due to the large number of separation stages redjuthe use of a continuous distillation
column at small scale would lead to an unfeasilgh hspect ratio, and therefore distillation is

simulated in a batch column.

Vapour pressure of the light keyp(*) and heavy key §'*) components were

evaluated at the molar averaged temperature dfattems Eq. (13) and used to calculate their

relative volatility (a;) Eq. (14). The Antoine coefficients for the compots mentioned in this

work are obtained from the SuperPro Designer™ desaland Tochiget al. [43].

log,,(p™") = A= B/(T+ Q 13)

a,ij — pvap/ pJvap (14)

2.2.4. Economic model and environmental impact

Cases were compared on economic performance amwemental impact. Economic
performance was assessed on the basis of the asti($ kg'), calculated according to the
SuperPro Designer™ built-in model for a new plaatsidering materials cost (e.g. glucose,
nutrients, and solvents), utilities cost (e.g. imgatcooling, and power), and facility-dependent
cost (e.g., depreciation and maintenance); andidiud labour-dependent and waste treatment
costs. These economic estimates are expected &dmwaccuracy of 25%-40%, as usual in
conceptual design stages. To evaluate the envinotaininpact of the process, the E factor
(kg waste kg product) has been estimated [44]. This E factaoaots for the fermentation
off-gas emissions, and the bottom streams of tharibeges containing cells, residual
sesquiterpene and residual solvent. As indicate8Hstdon [44] water was excluded from the
calculations of the aqueous waste streams. Mowlsl@in the economic model can be found

in the Supplementary Material.
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Table 2: Overview of process simulation parameter8Base case: TPI demulsification, Case 1: Dodecamehioreactor and CPI demulsification, Case 2:
condenser in bioreactor and CPI emulsification, Cas 3: Dodecane in bioreactor and dodecane for CPIl,d5e 4: Farnesene for CPI, Case 5: Kerosene
for CPI.

Scale: 25 MT ¥ (Flavors and fragrances, pharma, fine chemicals)

Base case Case 1 Case2  Case2B Case 3 Case 4 Case 5
V(m3) 1.16 1.27 1.16 1.17 1.21 1.17 0.06
) Evaporation Farnesene (g)h 24 15 24 24 15 24 1
Fermentation )
Evaporation dodecane (¢gh Na 75 Na Na 72 Na Na
Condenser T(°C) Na Na 15 Na Na Na Na
Centrifugation 1 o/w separation area(m 0.02 0.01 0.02 0.02 0.01 0.02 0.001
Demulsification Demulsifier Triton 0.5% MTBE 2:1 MTBE 2:1 MTBE 2:1 Dodecane 2:1 Farnesene 2:1 Kerosene 2:1
wiw (v/v) (v/v) (v/v) (v/v) (v/v) (v/v)
Distillation 1 V (nf) Na 2.20 1.97 1.97 2.11 Na Na
Distillation 2 V (nf) Na 0.19 Na Na Na Na Na
Scale: 25000 MT ¥ (Biofuels and bulk chemicals)
Vreactor (nd) 579(x2) 604(x2) 581(x2) 584(x2) 601(x2) 985(x2) 46
) Evaporation Farnesene (kg)h 12 7 12 12 7 12 1
Fermentation )
Evaporation dodecane (kg Na 36 Na Na 36 Na Na
Condenser T(°C) Na Na 15 Na Na Na Na
Centrifugation 1 o/w separation areg&m 21 12 21 21 12 21 1
Demulsification Demulsifier Triton 0.5%  MTBE 2:1 MTBE 2:1 MTBE 2:1 Dodecane 2:1 Farnesene 2:1 Kerosene 2:1
wiw (v/v) (v/v) (v/v) (v/v) (v/v) (v/v)
Distillation 1 Number of distillation stages Na 25 20 20 47 Na Na

Distillation 2 Number of distillation stages Na 34 Na Na Na Na Na




Table 3: Overview of techno-economic evaluation. B& case: TPl demulsification, Case 1: Dodecane imbeactor and CPl demulsification, Case 2:

condenser in bioreactor and CPI emulsification, Cas 3: Dodecane in bioreactor and dodecane for CPIl,&5e 4: Farnesene for CPI, Case 5: Kerosene
for CPI.

Scale: 25 MT ¥ (Flavors and fragrances, pharma, fine chemicals)
Base case Case 1 Case 2 Case 2B Case 3 Case 4 5 Case
E factor (kg waste kfproduct) 5 5 4 5 5 5 0.3
purity (% w/w) 99 96 100 100 95 100 5
Unit cost ($ kd) total stream 49.0 106.0 82.4 80.3 84.0 79.7 37.7
Glucose (%) 5 2 3 3 3 3 0
Other raw materials (%) 0 1 1 1 3 40 1
Utilities (%) 0 0 0 1 0 0 0
Depreciation and facility costs (%) 94 97 96 96 94 57 98
Scale: 25000 MT ¥ (Biofuels and bulk chemicals)
E factor 5 5 4 5 5 5 0.3
purity (% wi/w) 99 95 100 100 96 100 5
Unit cost ($ kd) total stream 3.2 41 3.8 3.7 5.6 5.3 0.7
Glucose (%) 78 59 67 68 43 48 19
Other raw materials (%) 5 24 15 15 42 42 69
Utilities (%) 4 5 7 6 8 2 1
Depreciation and facility costs (%) 13 11 12 12 8 8 11
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3. Results and discussion

The base cases corresponding to the current sfateeoart at 25 MT y and
25000 MT ¥*, resulted in unit costs of 49.0 $kand 3.2 $ kg, respectively (Table 3). The
unit cost obtained at 25000 MT*ys within the range publicly reported (www.amyeism) in
2012 and 2015 (9.6 $ Kgand 2.15 $ kg, respectively). Note that at both scales, unit t®s
dominated by the fermentation section. At 25 MTfgrmentation costs represent 74% of the
unit cost, already accounting for 36.3 $'kgAt 25000 MT y* this increases to 99%, or
3.17 $ kg (see supplementary material).

3.1.Lowering evaporation rate of sesquiterpene

The sesquiterpene caryophyllene has a negativeadpeeefficient S<0, and an

oil - gas - water contact angle gf=56°. In this situation, both L-L-V and L-V transferutes

seem feasible (Figure 2). Similar results are etquetor other sesquiterpenes based on their

comparable properties (Tahle The lower contact angle for dodecage- 34° suggests that

some solvents could promote the spreading of theplodse onto the gas bubble and
consequently direct transfer of sesquiterpene fvdo gas phase. Evaporation rates estimated
at 35 °C, 1 atm, and 1vvm were similar for bothtesu(Figure 2), ranging from ~g‘tin 1 n?
reactors to ~kg hin 1000 ni reactors. In the simulation of a continuous fertaton these
rates represented about 1% of the total produdil€T2). However, the current state of the art
in microbial sesquiterpene fermentations is fedbabperation. In this case lower
productivities are achieved (e.g., 0.2 to 0.4'tyL [4, 5]) and evaporation could result in 5 to
10% of product loss. This estimation agrees wighoreed loss of 3% farnesene in a 2 L scale
bioreactor operating in fed-batch at 30°C and 1 {6§n

The addition of 10% v/v of solvent in the bioreaatan reduce the evaporation rate by
50% (Figure 2; Table 2) but it increases processptexity by requiring more unit operations
(Figure 1C). The need of an additional distillatio@lumn led to higher unit costs (Case 1,
106.0 $ kg' at 25 MT y* or 4.1 $ kg at 25000 MT ) than recovering the sesquiterpene from
the off-gas using a condenser (Case 2, 82.4'$%§ $ kg"), or even higher than not recovering
the sesquiterpene from the off-gas at all (CaseBRE3 $ kg /3.7 $ kg') (Table 3).
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3.2.Enhancing coalescence and creaming of the oil phase

Sesquiterpenes and dodecane have similar interfeerigion (Tablel), and thus,
estimated droplet sizes for dispersions of sesipétee in water and dodecane in water were
comparable (Figure 3). In spite of this, addingveat in the bioreactor results in higher oil
fraction and lower oil phase density, leading togém droplet size and lower required
centrifugation area (Figure 3) for a given recoyeeycentage. Experimental droplet size values
were ~50 um lower than predicted ones and Eq.d@)doonly predict experimental data when
interfacial tension was lowered to about 15 mN ffihis interfacial tension values are similar
to data reported for biosurfactants [45], whichgesgjs that residual surfactants were present
despite the thorough cleaning procedure of themgixessel (Figure 3). Although the required
o/w separation area has probably been underestmidie required o/w separation areas are
very small (Table 2). Using the cost-model ava#ainl SuperPro Designer™ the economic
results are not affected unless areas above 1080fremeededvhat would correspond to
droplet sizes smaller than 10n. In addition, the disk stack centrifuge accodatsless than
15% of the total equipment cost, and thereforeuhiderestimation does not have a remarkable

effect in the overall techno-economic performance.

3.3. Demulsification of the oil phase by phase inversion

At 25 MT y* commercial demulsifiers like Triton-X114 yieldeigsificant lower unit
cost (49.0 $ kg) than using low-boiling point solvents, like MTBEs demulsifiers
(82.4 $ kg') (Table 3). At large scale both alternatives pnesg similar costs (3.2 $ Kgn the
base case and 3.8 $k@n case 2), and similar environmental impact ime of E factor
( 5 kg waste kg product in both cases). The E-factors of all thalyzed cases are in the order

of values expected for bulk chemicals [44].

Some alternatives to MTBE were proposed. Using dade for reducing evaporation
and for demulsification (Case 3, 84.0 $'kg5.6 $ kg') could not compete with the base case
(49.0 $ kg / 3.2 $ kg'). Although recycling farnesene as solvent in Cielspnted lower cost
(Case 4, 79.7 $ ki 5.3 $ kg") than MTBE or dodecane, it was still less compatithan the
base case. The main reason is the partial losarné$ene in the second centrifugation step,
which requires a considerably amount of farnesenmake-up of the recycle stream. On the
other hand, enrichment of kerosene with 5% of fsene (37.7 $ k§/ 0.7 $ kg') is a promising

option with lower unit costs than the base casngtscale.
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Figure 3: Theoretical values of droplet size (A) ath required sigma factor (B) for recovering olil

droplets in a disk stack centrifuge of 30% efficieny and 11 L s' capacity as function of oil fraction

estimated at a constant power input of 2.4 W kg (corresponding to 1.5 kg fermentor, stirring

rate of 1000 rpm, and 1 vvm of gas flow) comparedtexperimental droplet size values (indicated

as markers) at power input ranging from 2.2-2.7 W k' (corresponding to 1.275 L of water and

different amounts of caryophyllene and dodecane).d®ential effect of lowering interfacial tension

to 15 mN m* by surface active components in a caryophyllene/ier dispersion is also shown.
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Finally, it is important to remark that this worknployed 2 volumes of solvent per
volume of generated broth, as reported in liteeatt#lowever, in the studied processes aqueous
broth and cells are partially removed prior to @l. Therefore the actual volume ratios of
solvent:emulsion are about 10:1, and a possiblectexh in solvent cost seems feasible. As an
example, reducing the amount of solvent by 50%asec2, leads to 7% of unit cost savings at
25 MT y! and 3% savings at 25000 MT.y

3.4.Impact of scale in techno-economic performance

The main advantages of using solvent at proceske su@: a) reducing product
evaporation, and consequently glucose consumgijoaoiding the presence of surfactants in
the final product; c) enhancing product recoveryrégucing o/w separation area in the disk
stack centrifuge; and eventually d) reducing the/groinput requirements in the fermentation.

On the other hand, extra investment in solvent4pcbdeparation is needed.

When a new plant is considered, as in this workh@small scale typical of the flavors
and fragrances market equipment cost dominate operating cost (see Table 3 and
Supplementary Material). As a result, savings iw renaterial when reducing product
evaporation cannot overcome the extra investmeaginpment required for solvent-product
separation (case 1). A solvent-based process dgrcompete with the current state of the art
when considering options that do not require eséq@aration units, like product recycle (case 4)
or using solvents compatible with final productnferiation (case 5). These options did not
bring any remarkable economic advantage comparé¢letdase case, however they yielded

higher product purity and resulted in lower envir@ntal impact, respectively (Table 3).

At larger scales typical of bulk chemicals and $udélowever, unit operating cost are
significantly reduced. Furthermore, raw materiaséia much higher contribution to the costs
than the equipment (e.g. about 80% in the baseg,cas® consequently, the advantages of using
solvents in the fermentation become more relevamtddition, some equipment like distillation
columns can be operated in continuous mode alloionga more efficient solvent-product
separation. As a result, unit costs of solvent-igsecesses (3.7-5.6 $Kgare comparable
with the current state of the art (3.2 $kgor even lower in the context of a kerosene
enrichment process (0.7 $Rg Larger savings in solvent-based sesquiterpeneess would
require improving the CPI demulsification efficignhdy reducing the required amount of

solvent and reducing the loss of solvent and promuihie aqueous streams of the centrifuges.
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4. Conclusions

In this work a solvent-based process for microlsi@squiterpene production was
evaluated at different scales. Although severapéfioations were made, and absolute values
should be taken with care, trends and comparisomngntases are expected to be correct.
Solvents reduce sesquiterpene evaporation in featien and enhance product recovery.
However, solvent selection should consider compgitwith final product formulations to
avoid extra separation costs. Further reductioproduct recovery costs and environmental
impact can be achieved in sesquiterpene produbtyolowering the amount of demulsifiers
(e.g., solvent, surfactants), or by implementinigraltive recovery methods with higher yields

and less unit operations.
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Nomenclature
A Antoine coefficient
ay relative volatility
B Antoine coefficient
£ L-L-V contact angle
C, drag coefficient
C Antoine coefficient
c concentration of sesquiterpene in the
d,; droplet size
AC, ~ difference in oxygen concentration
€, power input per unit mass
Fe Gas flow leaving the bioreactor
@ volume fraction of oil
o molecular interaction parameter
g gravitational constant
n, viscosity of the continuous phase
Ky Henry's constant
k a overall mass transfer coefficient
L liquid phas:
OTR  oxygen transfer rate
p'® vapour pressure
[ vapour pressure of the light key
p,"* vapour pressure of the heavy key
P, total pressure
P, distribution coefficient between 1-octanol and wate
Q maximum capacity throughput
yo! aqueous phase density
yom oil density
Rueo evaporation rate
g,. surface tension of water
O, surface tension of oll
g,, oil/water interfacial tension
g,, oil/air interfacial tension
S spreading coefficient
2 sigma facto
T Temperature
2 creaming velocity
Vv Volume
% Vapour phase
X molar composition of oil phase
¢ efficiency of the centrifuge
y molar fraction in the gas phase
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Supplementary material: Flow-sheet model parameters

Unless specified otherwise, default values sugdesyeSuperPro Designer (v 9.5) have been

used for the simulation.

Table S1: Prices for raw materials, solvents, demsifiers and main product. Unless specified
otherwise, used values are calculated as averageaviailable range values. When more than one

source is available, used values are calculated @s average.

Price ($ MTY)

Component References Simulation
Glucose 350-50( 475
Ammonium hydroxide 425-851®) 774
Water - 1.20
Dodecane 2000-4009 3000
MTBE 887-1319" 1206
Non-ionic surfactant Triton x- 1500-3000% 2125
114 (Octyl phenol ethoxylate) 900 - 310G°
Sesquiterper 1475000 27900(
2790009
Kerosene 519 517

(&) Index Mundi, commodity pricelsttp://www.indexmundi.com/commodities/?commoditygau

(b) ICIS

(c) AliBaba

(d) AliBaba price for Nonyl phenol Ethoxylate (Triton®V)

(e) AliBaba price for Nonionic surfactant TX-10

(f) ICIS Price for Sandalwood oil

(g) value reported by Sigma-Aldrich for mixture of isers of farnesene (99.9%purity) (March 2015)
(h) http://ycharts.com/indicators/jet fuel spot p¢March, 2015) 1.554 USD gal0.795 kg ')
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Table S2: Fermentation overview

Fermentation: Stoichiometric continuous reactor

Scale: 25 MT ¥ (Flavors and fragrances, pharma, fine chemicals)

Base case Case 1 Case 2 Case 3 Case 4 Case 5
V(md) 1.16 1.27 1.16 1.21 1.94 0.06
Number of units 1 1 1 1 1 1
T(°C) 35 35 35 35 35 35
Residence time (h) 25 25 25 25 25 25
Power input (kW i) 2.4 2.4 2.4 2.4 2.4 2.4
Xc15,0rg(W/W) 1 0.6 1 0.6 1 1
olw (VIV) 0.1 0.2 0.1 0.2 0.1 0.1
Product (g L) @ 100 118 99 100 99 99
Cells (g ) @ 53 51 53 53 53 53
Evaporation rate farnesene (¢)h 24 15 24 15 39 1
Solvent Na dodecane Na dodecane Na Na
Evaporation rate solvent (gth Na 75 Na 72 Na Na
Condenser T(°C) Na Na 15 Na Na Na

Scale: 25000 MT-Y (Biofuels and bulk chemicals)

Base case Case 1 Case 2 Case 3 Case 4 Case 5
V(md) 579 604 581 601 963 64
Number of units 2 2 2 2 2 1
T(°C) 35 35 35 35 35 35
Residence time (h) 25 25 25 25 25 25
Power input (kW m) 2.4 2.4 2.4 2.4 2.4 2.4
Xc15,0rg(WIW) 1 0.6 1 0.6 1 1
olw (VIV) 0.1 0.2 0.1 0.2 0.1 0.1
Product (g t5)® 100 100 100 100 100 99
Cells (g ) @ 53 53 53 53 53 53
Evaporation rate farnesene (kg h 11.8 7.4 11.8 7.3 19.6 1.3
Solvent Na dodecane Na dodecane Na Na
Evaporation rate solvent (kgh Na 35.7 Na 35.5 Na Na
Condenser T(°C) Na Na 15 Na Na Na

(a) Product concentration aims for 100 g per L of agsdwoth (water, glucose, NBIH and cells) excluding

solvent.
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Table S3: Centrifugation 1 overview

Centrifugation 1

Scale: 25 MT ¥ (Flavors and fragrances, pharma, fine chemicals)

E:;’: Case 1 Case 2 Case 3 Case 4 Case 5
Limiting oil diameter (um) 175 207 175 207 175 175
Oil density (g L% 860 817 860 810 860 860
Exit T(°C) 35 35 35 35 35 35
Farnesene removal (%) 90 90 90 90 90 90
ISPR solvent removal (%) Na 90 Na 90 Na Na
Cells removal (%) 11 19 11 19 11 11
Aqg. removal (%) 3 5 3 5 3 3
Farnesene top stream (% w/w) 74.5 49.5 74.4 43.7 474 744
ISPR solvent top stream (%) Na 27.5 Na 31.3 Na Na
Biomass top stream (Yow/w) 4.8 4.5 4.8 4.9 4.8 4.8
Ag. Top stream (%w/w) 20.6 18.7 20.6 20.1 20.6 20.6
Inlet droplet diameter (um) 175 207 175 175 207 175
Separation area @n 0.02 0.01 0.02 0.01 0.04 0.001

Scale: 25000 MT ¥ (Biofuels and bulk chemicals)

E:;’: Case 1 Case 2 Case 3 Case 4 Case 5
Limiting oil diameter (um) 175 207 175 207 175 175
Oil density (g L% 860 812 860 812 860 860
Exit T(°C) 35 35 35 35 35 35
Farnesene removal (%) 90 90 90 90 90 90
ISPR solvent removal (%) Na 90 Na 90 Na Na
Cells removal (%) 11 19 11 19 11 11
Aqg. removal (%) 3 5 3 5 3 3
Farnesene top stream (% w/w) 74.5 44.5 74.5 44.5 574 744
ISPR solvent top stream (%) Na 30 Na 30 Na Na
Biomass top stream (Yow/w) 4.8 4.9 4.8 4.9 4.8 4.8
Ag. Top stream (%w/w) 20.5 20.4 20.6 20.4 20.6 20.6
Inlet droplet diameter (um) 175 207 175 175 207 175
Separation area @n 21 12 21 12 35 1
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Table S4: Demulsification overview

Demulsification

Scale: 25 MT ¥ (Flavors and fragrances, pharma, fine chemicals)

Base case Case 1 Case 2 Case 3 Case 4 Case 5
Demulsifier 1;2'32 MTBE MTBE Dodecane Farnesene Kerosene
T(°C) 60 35 35 35 35 35
Target concentratidn ~ 0.5% w/w 2:1 (viv) 2:1 (vIv) 2:1 (viv) 2:1 (viv) PR (VIV)
Actual conc® 0.5% w/w 1.96:1(vv) 2:1(viv) 1.99:1(v/v) 2:§) 2:1 (viv)

Scale: 25000 MT-Y (Biofuels and bulk chemicals)

Base case Case 1 Case 2 Case 3 Case 4 Case 5
Demulsifier 1;2'32 MTBE MTBE Dodecane Farnesene Kerosene
T(°C) 60 35 35 35 35 35

Target concentratidn ~ 0.5% w/w 2:1 (viv) 2:1 (vIv) 2:1 (viv) 2:1 (viv) R (VIV)
Actual concentratiof?  0.5% w/w 2:1 (viv) 2:1 (viv) 2:1 (vIv) 2:1 (Viv) P (VIV)

(b) Triton concentration calculated using exit top aneof the centrifuge as reference, based on priotoco
from[1]. Solvent concentration for demulsificati@alculated using exit stream of fermentation as
reference, based on lab protocols
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Table S5: Centrifugation 2 overview

Centrifugation 2
Scale: 25 MT ¥ (Flavors and fragrances, pharma, fine chemicals)

E’s;: Case 1l Case 2 Case 3 Case 4 Case 5
Limiting solid diameter (um) 5 5 5 5 5 5
Solid density (g 1) 1050 1050 1050 1050 1050 1050
Exit T(°C) 35 35 35 35 35 35
Farnesene removal top (%) 98 98 98 98 98 98
Demulsifier removal top (%) 98 98 98 98 98 98
ISPR solvent removal top (%) Na 98 Na 98 Na Na
Cells removal bottom (%) 100 100 100 100 100 100
Ag. removal bottom (%) 100 100 100 100 100 100
Separation area @n 9.87 176 156 168 260 8.61
Scale: 25000 MT Y (Biofuels and bulk chemicals)
E’Z;: Case 1l Case 2 Case 3 Case 4 Case 5
Limiting solid diameter (um) 5 5 5 5 5 5
Solid density (g 1) 1050 1050 1050 1050 1050 1050
Exit T(°C) 35 35 35 35 35 35
Farnesene removal top (%) 98 98 98 98 98 98
Demulsifier removal top (%) 98 98 98 98 98 98
ISPR solvent removal top (%) Na 98 Na 98 98 98
Cells removal bottom (%) 100 100 100 100 100 100
Ag. removal bottom (%) 100 100 100 100 100 100
Separation area @n 9865 168683 155963 165345 258215 8609
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Table S6: Distillation 1 overview

Distillation 1
Scale: 25 MT ¥ (Flavors and fragrances, pharma, fine chemicals)

E’s;: Case 1l Case 2 Case 3 Case 4 Case 5
Hold up time (h) Na 24 24 24 Na Na
X 1p®@ Na 100 100 98 Na Na
X 1g® Na 64.5 100 95 Na Na
V (m®) Na 2.21 1.97 2.11 Na Na

Scale: 25000 MT ¥ (Biofuels and bulk chemicals)

E:SS: Case 1l Case 2 Case 3 Case 4 Case 5
T condens (°C¥’ Na 47 47 206 Na Na
T reboiler (°C)© Na 236 259 258 Na Na
Volatility Farnesene Na 0.3611 1.0000 1.0000 Na Na
Volatility Dodecane Na 1.0000 Na 2.6300 Na Na
Volatility MTBE Na 23.4400 49.7108 Na Na Na
X L,D(d) Na 99.99 100 100 Na Na
X H,B(e) Na 40.26 99.83 95.51 Na Na
N (f) Na 25 20 47 Na Na

(c) T reboiler (averaged boiling point) is used by SB2alculate relative volatility, T condens is used
determine outlet temperature, not for mass or grieatances.

(d) %wi/w of the light component on top

(e) %w/w of the heavy component on bottom

() Number of distillation stages
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Table S7:Distillation 2 overview

Distillation 2
Scale: 25 MT ¥ (Flavors and fragrances, pharma, fine chemicals)

E:;’: Case 1 Case 2 Case 3 Case 4 Case 5
Hold up time (h) Na 24 Na Na Na Na
Xip@ Na 72 Na Na Na Na
Xnup® Na 96 Na Na Na Na
V (md) Na 0.19 Na Na Na Na

Scale: 25000 MT-Y (Biofuels and bulk chemicals)

E:;’g Case 1 Case 2 Case 3 Case 4 Case 5
T condens(°C¥ Na 205 Na Na Na Na
T reboiler(°C)© Na 258 Na Na Na Na
Volatility Farnesene Na 1.0000 Na Na Na Na
Volatility Dodecane Na 2.6180 Na Na Na Na
Volatility MTBE Na  50.2328 Na Na Na Na
Xip@ Na 99.70 Na Na Na Na
Xnup® Na 95.49 Na Na Na Na
N ® Na 34 Na Na Na Na

(c) T reboiler (averaged boiling point) is used by SB2alculate relative volatility, T condens is used
determine outlet temperature, not for mass or grieatances.

(d) %wi/w of the light component on top

(e) %w/w of the heavy component on bottom

() Number of distillation stages
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Table S8: Economic parameters

Economic parameters

Scale: 25 MT ¥ (Flavors and fragrances, pharma, fine chemicals)

Base case Case 1 Case 2 Case 2B Case 3 Case 4 5 Case
purity % wiw 99.3 95.55 100.00 100.00 95.05 100.00 5.47
unit cost ($ per total kg) 49.01 105.98 82.41 80.29 84.00 52.61 37.67
;‘;:;:SO;E@ per kg 49.33 110.90 82.41 80.29 88.37 52.61 688.66
Raw materials ($9) 67000 88000 77000 77000 123000 111000 16000
Of which Glucose ($) 63034 62316 62983 63463 59986 104699 3472
Of which solvent ($ ¥) 0 10898 10145 10222 0 0 12467
Depreciation ($ ) 582000 1288000 997000 967000 994000 604000 466000
Other facility cost (§y) 572000 1267000 980000 950000 977000 593000 458000
Utilities ($ y?) 4000 6000 7000 13000 6000 8000 1000
(Ts‘;’;al')o"eraﬂng costs 1225000 2649000 2060000 2007000 2100000 1315000 00842

Scale: 25000 MT ¥ (Biofuels and bulk chemicals)

Base case Case 1 Case 2 Case 2B Case 3 Case 4 5 Case
purity % wiw 99.33 95.49 99.83 100.00 95.51 100.00 5.47
unit cost ($ per total kg) 3.20 4.07 3.76 3.72 5.64 5.18 0.74
;‘;‘r'rt]g;j;g per kg 3.22 4.26 3.77 3.72 5.91 5.18 1352
Raw materials ($9) 66745000 84927000 76647000 76935000 119126000 O03BDDO 16135000
Of which Glucose ($) 62825623 60335029 62906880 63143211 60178828  ATQ4IB 3471864
Of which solvent ($ ¥) 0 10597850 10181991 10220243 0 0 12467119
Depreciation ($ ) 5214000 5653000 5530000 5503000 5654000 7291000  065QD0
Other facility cost (5Y) 5131000 5562000 5441000 5414000 5563000 7173000  047QD0
Utilities ($ y?) 2951000 5563000 6407000 5142000 10627000 4880000 171000
Total operating Costs  g4041000 101705000 94025000 92994000 140969000 81298 18417000

Gy)
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Table S9: Cost breakdown per section in $ per kg

Cost breakdown per section

Scale: 25 MT ¥ (Flavors and fragrances, pharma, fine chemicals)

Base case Casel Case 2 Case 2B Case 3 Case4 5 Case

36.3d2  37.237 38.833  36.417 38.761  36.417  25.337
(74.15%) (35.14%) (47.12%) (45.36%) (46.15%) (45.68%) (67.27%)

5.903 5.902 5.903 6.202 5.902 5.902 5.901
(12.04%) (5.57%) (7.16%) (7.72%) (7.03%) (7.40%) (15.67%)

6.764 6.432 6.398 6.401 5.994  37.396  6.427
(13.80%) (6.07%) (7.76%) (7.97%) (7.14%) (46.91%) (17.06%)

56.404  31.273  31.271  33.340
(53.22%) (37.95%) (38.95%) (39.69%)

Fermentation
Centrifugation
Demulsification

Distillation Na Na Na

Scale: 25000 MTY (Biofuels and bulk chemicals)

Base case Casel Case 2 Case 2B Case 3 Case4 5 Case

3.173 3.506 3.232 3.189 5.296 3.194 0.226
(99.10%) (86.18%) (85.93%) (85.73%) (93.91%) (60.18%) (30.65%)

0.006 0.006 0.006 0.006 0.006 0.006 0.006
(0.19%) (0.15%) (0.16%) (0.16%) (0.11%) (0.11%) (0.80%)

0.023 0.459 0.441 0.443 0.132 2.107 0.505
(0.71%) (11.29%) (11.73%) (11.91%) (2.34%) (39.71%) (68.54%)

0.097 0.082 0.082 0.205
(2.38%) (2.18%) (2.21%) (3.64%)

Fermentation
Centrifugation
Demulsification

Distillation Na Na Na
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Table S10: Main equipment cost breakdown

Main equipment cost breakdown

Scale: 25 MT ¥ (Flavors and fragrances, pharma, fine chemicals)

Base case Casel Case 2 Case 2B Case 3 Case4 5 Case

Fermenter ($)

Centrifuge 1 ($)
Centrifuge 2 ($)
Distillation 1 ($)
Distillation 2 ($)
Condenser ($)

Oil separator ($)

Total equipment
cost ($)

601000 609000 602000 602000 604000 600® 451000
101000 101000 101000 101000 101000101000 101000
101000 101000 101000 101000 101000101000 101000

0 568000 560000 560000 597000 0 0

0 442000 0 0 0 0 0
0 0 31000 0
0 0 10000 0 0 0

1021000 2276000 1756000 1705000 1754000 1060000 00816

Scale: 25000 MTY (Biofuels and bulk chemicals)

Base case Casel Case 2 Case 2B Case 3 Case4 5 Case

Fermenter ($)

Centrifuge 1 ($)
Centrifuge 2 ($)
Distillation 1 ($)
Distillation 2 ($)
Condenser ($)

Oil separator ($)

Total equipment
cost ($)

7184000 7360000 7200000 7216000  T@®B80 9676000 1301000
101000 101000 101000 101000 101000101000 101000
101000 439000 421000 422000 434000553000 101000

0 41000 60000 61000 147000 0 0
0 76000 0 0 0 0 0
0 0 44000 0 0 0
0 0 10000 0 0 0

9250000 10021000 9794000 9750000 10025000 1291300879000
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Table S11: Liquid waste stream composition

Liquid waste stream composition

Scale: 25 MT ¥ (Flavors and fragrances, pharma, fine chemicals)

Base

case Case 1l Case 2 Case 2B Case 3 Case 4 Case 5
From Centrifugation 1
Farnesene (%) 1.2 1.4 1.2 1.2 1.2 1.2 1.2
Biomass (%) 1.7 5.0 5.4 5.4 5.0 5.4 54
Solvent (%) 0 0.8 0 0 0.8 0 0
Water (%) 92.9 92.2 92.9 92.9 92.4 92.9 92.9
(Tlf;ar:f;‘ass flow 30.8 30.0 31.1 31.3 28.8 51.3 1.7
From Centrifugation 2
Farnesene (%) 5.5 25 2.9 2.9 2.7 54.2 2.8
Biomass (%) 17.8 115 9.3 9.3 114 8.6 9.1
Solvent (%) 0 37.1 47.8 47.8 38.4 0 48.7
Water (%) 76.2 47.3 39.8 39.8 47.2 37.0 39.1
(Tlf;aril';‘ass flow 1.6 3.1 2.2 2.6 3.0 4.0 0.1

Scale: 25000 MT ¥ (Biofuels and bulk chemicals)

E:gg Case 1l Case 2 Case 2B Case 3 Case 4 Case 5
From Centrifugation 1
Farnesene (%) 1.2 1.2 1.2 1.2 1.2 1.2 1.2
Biomass (%) 5.4 5.0 5.4 5.4 5.0 5.4 54
Solvent (%) 0 0.8 0 0 0.8 0 0
Water (%) 92.9 92.4 92.8 92.9 92.4 92.9 92.9
(Tlf;ari ?)‘ass flov 30677 28983 30818 30934 28906 51022 1700
From Centrifugation 2
Farnesene (%) 5.5 2.1 2.9 2.9 2.1 54.2 2.8
Biomass (%) 17.8 115 9.3 9.3 114 8.6 9.1
Solvent (%) 0 38.5 47.8 47.7 38.9 0 48.7
Water (%) 76.2 47.5 39.8 39.8 47.3 37.0 39.1
(Tgam;ass flov 1156 2967 2221 2230 2975 3963 124
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Table S12: Experimental and reported values of suafce tension ¢.a) and interfacial tension
interfacial tension (eow) for sesquiterpenes, common solvents and surfactsnused in laboratory

protocols for microbial sesquiterpene production.

TN ) (N ) e
Santalene 36@
Caryophyllene 30@ 310 50.5°)
Farnesene 26@
Amorphadiene 26@
Dodecane 258 49.99 [2]
25.35@ 52.8)
MTBE 18.700 10.5@ [3]
Triton x-114 31 - [1]

(@) ACD/Labs Percepta Platform - PhysChem Module

(b) Experimentally determined in this work at room tengpure
(c) Estimated from experimental results using [4]

(d) Data_Physics_Instruments_GmbH (2015) @20 °C

(e) Demond and Lindner [5] (Temperature not reported)

(H Montafio, Bandrés [6] @20 °C

(g) Hickel, Radke [7] (Temperature not reported)

(h) Triton X-114 Technical Data Sheet. DOW

Table S13: Antoine coefficients for different solviets and sesquiterpenes to determine their
vapour pressure in the distillation. Log Base 10, ressure in mmHg and T (bottom temperature

of the distillation column) in K.

Component A B C Source
Dodecane 6.9979  1639.2700 -91.3600 SuperPro Dedigtabase (v. 9.5)
MTBE 6.8500 1103.7300 -50.5000 SuperPro Desigrtabdae (v. 9.5)
Farnesene 6.9898  1798.9000 -96.3500 [8]
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Chapter 4. Organic phase emulsification limits oxygn transfer
enhancement in multiphase fermentations for the prduction of

advanced biofuels and chemicals

Abstract

In fermentations where a hydrophobic liquid is proed and/or solvent is added for in-
situ product removal, droplets are dispersed inbiteeh due to the mixing in the reactor. In
aerobic fermentations, these droplets can intesdttt the gas bubbles generating additional
oxygen transfer routes across the oil phase. Homwélvere is no agreement yet in literature

about the role of oil phase in oxygen transfer echanent.

In this work, oxygen transfer was studied in fertagéons with wild-type and
sesquiterpene-produciigscherichia coliat varying oil fractions of hexadecane and dodecan

Experimentalk_a was compared to a mathematical model based ontlgrkiwetics and a

mixed transfer route across dispersed dropletslesplets covering bubble surface. The degree
of k_a enhancement upon oil addition was dependent omahefer route and decreased along
the fermentation age. Contrary to literature reswf atrends were not correlated to changes

in power input, oil fraction, or cell concentratjdsut could be explained by reduced bubble-
droplet and droplet-droplet interactions due topdigd stabilization. These results present
evidence, for the first time, that surface actieenponents present in the broth can limit the

impact of oxygen vectors ik, aenhancement, bringing a new perspective on oxygesfer

in multiphase fermentations.

This chapter has been submitted as:

Pedraza-de la Cuesta, S., van Houten, C., Feskeresl§ F., van der Wielen, L.A.M., Cuellar, M.C.
Organic phase emulsification limits oxygen trang®ehancement in multiphase fermentations
for the production of advanced biofuels and chetaica
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1. Introduction

In multiphase fermentations a product secretedhkynicrobial cells forms a second
phase in the aqueous broth and/or a solvent isdatlleecover the product. Multiphase
fermentations are very common in the productiotlon§i-chain hydrocarbons for biofuels and
chemicals, e.g. microbial production of alkafids microbial production and bioconversion of
sesquiterpenef2, 3]. Sesquiterpenes are C15 isoprenoids whielitionally have been
extracted from plants because of their medicaloflaand fragrance properties. Production of
sesquiterpenes using modified microorganisms isoanising alternative to overcome the
scarcity of raw material for plant extraction, véhifeducing process cost. Genetically
engineered strains @&scherichia colandSaccharomyces cerevisiaan produce extracellular
sesquiterpenes in aerobic fermentations, reactiie tin the order of g £ [2, 3]. Several
companies are currently working on the processesgpland commercialization of microbial
sesquiterpenes for diverse applications such ammaed biofuels, antimalarial drugs, or flavors

and fragrances.

The current sesquiterpene productivities betwe2radd 0.4 g X h' achieved in fed-
batch operation [2, 3] require high cell densitynrientations to meet up product titers. This
implies a large concentration of cells, cell defansl extracellular proteins, all with surface
active properties [4]. Due to the turbulent comuhs required for fermentation, the
hydrophobic, light organic phase is dispersed ialsdroplets and stabilized by such surface
active components (SACs). Surfactants are nornaaltied after the fermentation to break the
emulsion and enhance the product recovery [5].rAdtevely, solvents like dodecane can be
added in the reactor reducing product evaporate®][ while enhancing recovery [10]. Some
authors claim that increasing the oil fraction e tsystem by adding solvents can enhance
oxygen transfer in sesquiterpene fermentations [Q4ygen supply is typically one of the main
limiting factors in the scale-up of aerobic fermagiuns [12]. This is particularly relevant in
sesquiterpene fermentations which have a high oxggenand [13]. Oxygen limitation in the
reactor broth can lead to lower productivity andatdiigher degree of emulsification, by
increasing the level of SACs due to cellular stféd$. Although oxygen transfer in multiphase
systems has been extensively studied in literat(e®.,[15-20]), several results are

contradictory and do not allow to predict what ties effect of the oil phase would be [16, 21].
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In aerobic fermentations, air bubbles are spargtgithe agueous medium to provide
oxygen for the microorganisms. The oxygen transdge (OTR) depends on the liquid mass

transfer coefficient K ), the volumetric transfer area ), the difference between the oxygen

concentration and its equilibrium Vallééwveq - CW) , and the system volum¥ ().

OTR= k Caf G, .~ GOV (1)

The presence of a second liquid phase in the reaeto affect the OTR in different
manners. In first place, droplets can coalesce lithbles and spread on their surface. This can

reduce the overall transfer coefficiekt by creating an additional transfer barrier (Figlije

On the other hand, solubility of oxygen in hydrdumrs is higher than in water. The solubility

of oxygen in the broth could be increased by al®otimes in the presence of a hydrocarbon
phase (e.g. sesquiterpenes and/or a solv&ablgl). In addition, droplets can act as oxygen
vectors increasing the available transfer aaea\ll these mechanisms are greatly affected by
the interfacial tension between gas, oil and agsenadium. Consequently, the net effect of

the oil phase in the oxygen transfer could be &by the presence of SACs in the medium.

The aim of this work is to elucidate the impactafoil phase in the oxygen transfer in
microbial sesquiterpene fermentations. In additihis research studies the applicability of

solvents like dodecane and hexadecane as oxygdnrseéor these purposek a was

experimentally determined in four fermentations erifferent conditions of oil concentration,

type of oil, cell concentration and volumetric powmeput (Table2). In addition, k a was

modelled using cell growth kinetics and assumingliel oxygen transfer across gas/oil/water
(g/o/w) and gas/water (g/w) interfaces. Model amgegimental results were compared to
literature data on dispersions (hexadecane in wa8} and dodecane in water containing
quiescent cell§15]), and the most probable transfer routes altmg fermentation were
identified.
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Table 1 Partition coefficient, mass transfer coeflient and oxygen solubility for gas-oil-water

(g/o/w) systems. (a)hexadecane, (b)dodecane, (a)ys@srpenes, and (d) heptane.

Parameter Value Unit Remark
Partition coefficient
m 6.2% mol/mol Calculated from log P [22]

w
m 36.5% mol/mol Calculated from Henry coefficient at 35°C,

w 1atm, and 21% oxygen in air [23]
m 3.89 mol/mol Calculated from Henry coefficient for

o 2.89 hexadecane at 25°C, 1atm, and 21% oxygen

in air [24] corrected for dodecane [25].
Mass transfer coefficient
0.0609 [26]®

K 0.03-0.160 ™" [27]©
Kk, 0.084? m/h Calculated from Eq. 3

w
Oxygen solubility

EEY
CO’ eq g0 g%&*’) mol-Oy/m*-oil Calculated fromIT),,
)

Civeq gw 0.23° mol-Oy/m*-water ~ Calculated fronf,,
C 0.36% -

weq g dw 0500 mol-O,/mr-water Calculated from),, and M,
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Table 2 Summary of the experiments indicating fermetation periods selected for this study, their

range in cell concentration, volumetric power input and their averaged oil concentration.

Cell 1 ol

. . . Tim . : .
ID Solvent  Microorganism period (h) concentration (W-m) fraction
(gL (%v/v)

FO1 - E. coli K12 1 29-49 1%39 4006-3500 0
FO02 Hexadecane E. coliK12 1 29-49 1447 4000-3500 7.5+0.2
1 45-64 36-39 8500-6500 6.3+0.5
FO03 Dodecane reé. coli 2 65-92 39-45 80005500 4.7+0.4
3 95-107 45-33 7006-6000 3.6+0.1
1 24-59 26-36 9006-6500 8.5+1.2

FO04 Dodecane reé. coli

2 65-85 3730 8500-6500 5.5+0.5
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2. Theoretical Background

2.1.Transfer mechanisms in multiphase fermentations

In multiphase fermentations droplets of immiscipteduct and/or solvent can interact
with gas bubbles affecting the oxygen transfer raadms (Figure 1). Droplet-bubble
interactions are influenced by operational paramsefe.g. agitation, aeration rate, and oil
concentration) and physical properties like therifaicial tension & ) between the gas, oil, and
water phases. Interfacial tension is responsibietfe spreadability of the oil on the bubble

surface and determines the oil-gas contact ar@)d248]:
C0S0)=(0ya f = 00, f — Oa)) 1 (20,5 ,,) 2

Droplets can fully spread on the bubble surface fognaithin oil layer §=0°). Rols and
Goma [20] proposed that the liquid mass transfer coeffi across the gas-oil-water (g/o/w)

interface ,,) is lower than the one across gas-wate[)(due to the additional oil resistance
transfer layer (Figure 1B). The resultikg, depends on the transfer coefficients of the aqueous

(k,) and oil phase K,) and the oxygen partition coefficient between amld water phase

( rno/w )

.1, 1
ko/w kw n]jwlzka

3

Droplets can also partially cover the bubble fornbegds on its surfaceé €90°). Some authors
[29] consider a degree of oil coverag) o account for the ration between gas surfacereave

by oil beads &,,,) and the total gas area availabig ).

gl/o

= @
a,

The gas surface in contact with watey () is therefore:

a,,, = (1= B) 4, ()
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(Al O o©
O
@)
@) O
@)
@)
0=0° 0<90°¢ 6>90°
[B] Gas Oil Water Water Gas
Cg i i Cg
> : ! o
Co,eru/ 0o~ md OECE i CO';ECL o w i
Cwiel g/ dw i
? e =
: w i Cw e i/ w
i CW : ) q_9g
. °©

Ag/o Ab/w Ag/w
———) ——

O, transfer O, transfer

Figure 1 [A] three different scenarios for interacions between gas-oil-water (g/o/w) phases.
Depending on the g/o contact angled), oil droplets can spread on the bubble surface fming a
thin layer 0=0°, partially spread on the bubble surface formingbeads 6<90°; mostly remain
dispersed in the aqueous mediun®>90°. [B] Depending on the interaction, oxygen caie
transferred from the bubble to the agueous medium ia oil phase (left) or directly across the
bubble surface (right). Due to the higher solubiliy of oxygen in hydrocarbons, the solubility of

oxygen in water can be increased in the presenceaf.
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Oil droplets rich in oxygen can be sheared from thebleiand dispersed again in the

aqueous phase becoming an additional source of oxya@esfer aread [a,,,). This is the case

if a gas bubble leaves the liquid system [20], ¢hefoil layer covering the bubble becomes too
thick and is sheared-off due to the mixing [30]. Eviedroplets remain mostly dispersed in the
aqueous mediund90°) (Figure 1A), they can still play a role itbxygen transfer. Droplets
are typically 100 times smaller than the bubbles.[3hgy can enter the stagnant aqueous layer
around the bubble which is rich in oxygen and cirtg a region poor in dissolved oxygen.
This mechanism is known as shuttle effect [30, 32-3din&authors account for the effect of

the dispersed oil droplets rich in oxygen by multipfythe available oil volumetric area,, )

by an enhancement factar § related to the degree of mixing in the disperséghase and the

renewal of g/o surfacid0].

OTR;/olw: k:)/wlla D%\N)I:q Cweq_ CV)DVV (6)

This enhancement is influenced by operational parmssuch as power input (usually

provided via agitation and/or aeration), and ohaentration.

2.2.Characterization of oxygen transfer viak a measurements

Due to experimental limitations to determine them satpdy, the parametedg and a
are usually lumped as the volumetric mass transfefficent k a. When using this parameter

to compare results from different studies, the follogvaspects must be considered:

» Measurement method: k, a can be measured by stationary or dynamic metfg&]s
In steady-state fermentations (e.g. continuous ferrtiens) k a can be determined by

monitoring the concentration of oxygen dissolvedhia &queous mediunC(,) and in the gas

out

out-flow stream {/ ). This method, known as stationary, can also beiepppd fed-batch
fermentations, if the oxygen concentration is in aupsesteady statedC,/dt~ 0), which

typically happens at low growth rates.

k.a(G,eq— C,) V= Fo Oy} — ROy 7)

_Fe' g, ~ R g
(Cuea=Cu)V

w,eq

k a (8)
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When (pseudo)steady-state condition does not apptireczoncentration of oxygen in
the gas-outlet cannot be determined, an alterndgmamic method can be used instead. In this
method, the medium is first depleted from oxygen bargimg nitrogen. Afterwards the gas

inflow is changed to airk, a can be calculated by integrating the oxygen baame¢he aqueous

phase:
dC
k.a(Gyeq— Cu) = - (9)
In Cw,eq Cwo
C,.—C
k a=——wed “w (10)

As pointed out by36], results obtained from one or other method mightdntradictory,

since the dynamic method does not account forantem of cells with bubbles.

* Calibration of dissolved oxygen probe:The output of the dissolved oxygen probe

measurement is typically given as a percentagkeobxygen saturation values in the medium.
C,, = DOT(%) [, , (11)

Solubility of oxygen in alkanes is 10 times higttean in water (Tablg). The presence
of a hydrocarbon phase can increase the oxygerentration in the medium, and therefore it
should be reported whether the calibration of tkygen probe is performed before or after oil

addition.

« Saturation value of oxygen:There are different definitions for the value g@idibrium

concentration of oxygen in watec(, ) required for calculating, andk a. Besides using

the saturation values based on g/w equilibrium (B, or g/o/w equilibrium (Eq. 13), some
authors propose estimating a volumetric averagéngino represent an oil-water mixtufio]
(Eq. 14).

Cw,eq = Cw eq d W: mg VJI:g (12)
Cw,eq = Cw eq d o w: m ['] cijmb VDC (13)
Cw,eq = Cw eq averaged= ((D Bn ] Bi- (1_ @ )]Dm 1] )«/DC (14)
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3. Materials and methods

3.1. Strains and pre-culture

Pre-cultures of the wild type strafscherichia coliK12 (MG1655) were prepared as
indicated irf14]. Pre-cultures of the sesquiterpene-producingrsischerichia coli BI21(DE3)
were cultivated in two steps. The first pre-cultuvas incubated for 15 hours at 34°C and
200 rpm in a 250 mL shake flask containing 50 miLBfmedium, 0.050 g t carbenicillin,
and 0.034 g L of chloramphenicol. The second pre-culture wasutated with first pre-
culture reaching an initial optical density of @2d incubated for 8 hours at 34°C and 200 rpm
in a 500 mL shake flask containing 200 mL of LB-rived, 0.050 g ! carbenicillin,
0.034 g L* of chloramphenicol, and 0.0045 ¢ bf Thiamine-HCI.

3.2.Fermentation medium

100 g ofE. coliK12 pre-culture was inoculated in 900 g of stefelgnentation medium

prepared as indicatea [14].

100 g of recombinari. coliBlI21(DE3)was inoculated in 2000 g of medium sterilized
by filtration (0.2um). The composition of this medium was: 4.2 ¢ KH.PQi, 1.68 g k¢t
KoHPQs, 2 g kgt (NH4)2SQs, 1.7 g kg' citric acid, 0.0084 EDTA, 5 g Kgyeast extract,
30 gkg! glycerol, 0.30 g kg trace metal solution (of composition: 10 g'kge(lll)citrate,
0.25 g kg CoCb-6H0, 1.5 g kgt MnCl- 4H0, 0.118 g kg CuChk- 2H:0, 0.3 g kgt H3BOs,
0.25 g kgt Na&eMoO4-2H0, and 1.3 g k§ Zn(CHCOO)- 2H0), 1.23 g kg MgS04-7HO
(1M aqueous solution), 0.1 g *kgcarbenicillin, 0.017 g k§ Chloramphenicol, and
0.0045 g kg* Thiamine- HCI. Prior to inoculation and additionasttibiotics and vitamine, pH
was adjusted to 7.0 with NaOH 4M.

3.3.Equipment set up

The experimental set up for the experiments FO1FR0® with wild typeE. coli K12
(Table2) consisted of a 2 L jacketed reactor (Applikone ™Netherlands), working in fed-batch
mode under glucose limitation. Fermentations weesfopmed at an aeration rate of

1.5 nL min? controlled by a mass flow controller (Brooks, \éditstates), and stirred with a 6-

102



Organic phase emulsification limits oxygen transi@nancement in multiphase fermentations for tbdymtion
of advanced biofuels and chemicals

blade Rushton impeller of 45 mm diameter at spdekD0O0 rpm. The temperature was set to
35°C and the pH was maintained at 6.5 by addirdj @ HSQOs) and base (NFDH 25%v/v).
Fermentation settings were controlled by a ADI-1@80troller (Applikon, The Netherlands).
Foam was controlled by manual addition of an agsesolution of 10% v/v antifoam
Erol - DF7911K (PMC Ouvrie, France) up to a maximoh30 g. After approximately 9 h of
fermentation, glucose was consumed, and the DOEased indicating the end of the batch
phase. At that point, a glucose solution containi® g L' CeH1.0s:1H.O, 20 g L*!
MgSQ:-7H,0, 0.045 g ! ThiamineHCI, and the same trace metal concentration deeibatch
medium, was fed into the bioreactor using a Maleteieristaltic pump (Cole Parmer, United
States). During the analyzed period (29-49 h) eedfrate was kept constant at a rate of
6.5+0.4 g H.

The experimental set up for the experiments FO3 &0d with recombinant
E. coliBI21(DE3) consisted of a 7 L jacketed reactor (Applikon, Netherlands), working in
fed-batch mode under glycerol limitation. Fermeintag were performed at an aeration rate of
2.0 nL min! controlled by a mass flow controller (Brooks, léwitstates), and stirred with a
6 - blade Rushton impeller of 84 mm diameter atdpef 500 rpm during the batch phase
(0 - 19h), 750 rpm before induction (19 - 22 h)d &0 rpm afterwards. The temperature was
set to 30°C at the beginning of the fermentatioh lamered to 25°C after 22 hours, just before
induction; the pH was maintained at 7.0 by addicid §3M H:PQy) and base (5M NKDH).
Fermentation data acquisition and control werei@amout by a DCU system and a computer

system running Multi Fermentor Control System /Wing.

Foam was controlled by manual addition of an agaesmlution of 10% v/v antifoam
Erol-DF7911K (PMC Ouvrie, France)fter approximately 19 h of fermentation, glycewsds
consumed, and the DOT increased indicating theoétite batch phase. At that point, a glycerol
solution containing 0.013 g REDTA, 233.33 g kg glycerol, 10 g kg of trace metal solution
(with same composition as the one used to prepatehbmedium), and 12.3 g kg
MgSO4-7HO (1M aqueous solution), was fed into the bioreagsing a Masterflex peristaltic
pump (Cole Parmer, United States) at a value &f 36.1 g h'.

At a fermentation age of 22 h the temperature wasited to 25°C and cells were
induced with 10 mL of aqueous solution containin@60g of IPTG. At 25 h dodecane was
added to the medium (153 g dodecane in FO3; 196dgahne in FO4). Large volumes of

fermentation broth were drawn from the reactoiltmaafor the evaluation of different cell and
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oil concentration under the same range of volumetower input. In FO3 4619 of broth was
removed at a fermentation age of 65h (start ofgoef), and 717 g was removed at a
fermentation age of 95h (start of period 3). In B22g was removed at a fermentation age of
63h (start of period 2)T@ble2).

3.4.Analyses

1.5 mL vials containing 1mL of broth were weighewl et in a centrifuge (Heraeus,
Biofuge Pico) at 13000 rpm for 10 min. In samplesteaining a layer of oil, a cotton tip was
used to remove the oil and clean the vial wallgeA¥ards, supernatant was discarded. The
vials containing the cell pellet were dried in areon (Heraeus instruments) at 70 °C for 48 h

and weighed to determine the cell concentratiaiéreactor (as cell dry weight).

DOT was measured by a dissolved oxygen sensor {&ppIThe Netherlands; Mettler
Toledo, The Netherlands). The probe was calibratil nitrogen (0% DOT) and air (100%
DOT) before oil addition in FO1, FO3, and FO4, amthe presence of hexadecane in FO2. The
CO: and Q concentrations in the bioreactor off-gas and espurized air were analyzed by a
Rosemount NGA-2000 gas analyzer (Fisher Rosem@srmany). pH and temperature were
measured by sensors (Applikon, The Netherland€d Fate was continuously monitored with
a balance (Mettler Toledo, The Netherlands). D@heentrations of C&and Q in the off gas
and in pressurized air, pH, temperature and feedhwvevere continuously recorded with a
MFCS/Win 2.1 software (Sartorius Stedim Biotech SFance).

k, a was determined by the stationary method using BOd off-gas @concentration

data (Eg. 8). Based on the DO-probe calibratiorhogttndicated aboveg was used as

w,eq_ o/ w

solubility value in FO1, FO3, and FO04 (Eq. 12), ahy, was used in FO2 (Eq. 13).

q_g/dw

3.5.Kinetic model for estimation of cell concentrationand oxygen consumption rate

Cell growth in the fed-batch phase was predictedguthe kinetic growth model for
E. coliK12 describedn [14]:

Re = dM, (§/ dt= (M, (9 = K- mOM()0Y, . (15)

In a similar way, the oxygen consumption rate wastimated using
a;* = 15.6 mmol@g™h* , m, =0.03 molQ-/C-molX*h* and £™=0.71 h' based on [37]
and [38].
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Roo () = A3 T2 ) DM, () + m, OM, () (16)
3.6. Estimation of droplet and bubble surface

Oil and gas specific areas, | were determined from their respective volumdtactions

(@) and the particle diameted,(), assuming a monodisperse droplet population.

544
g = q [El—%’j (17)

The gas volumetric fraction (also known as gas fuplplwas estimated, as suggested by

[39], from the volumetric power inpuR/V ) and the superficial gas velocity,( ):

@, =0.13[P V)" 1y,)3 (18)

With the power input for an aerated stirred vessémated as [40]
5 5 0.25
P=N,0p,N"(D, ~01-9.90® JN—D. > (29)
imp

Droplet diameter estimations in literature are ¢gly based in equilibrium between
rates of droplet coalescence and break up [413.High cell density fermentation, it could be
expected that the equilibrium is shifted towards small size droplets due to the presence of
SACs. For this reason, the oil droplet size wasr@dmated to the minimum stable droplet
diameter as already described in [14]. Also buliderelations based in oil/water systems
predict larger bubbles sizes than those reportedthgr authors working with multiphase
fermentation broths [31, 42]. Therefore, the specaiblumetric gas area was estimated from

the experimentak a of the base case without oil FO1 (Eq. 8, Eq. 2@) meported values of

k, (Tablel). The bubble diameter was derived afterwards f(&m 17).

a= (20)

Ka
Ka
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3.7.Mass transfer model for dissolved oxygen tension @T) profile and k a

Based on the modbl [29], the overall oxygen transfer rate from gas bubtuesjueous

phase OTR) was assumed to be the sum of oxygen transfeieethe oil phase @TR,,,,),

and via the bubble surface non-covered byOIrg,,,,)-

OTR= k,,, la 0g,) [{ G oo~ C)OV+ k JA-B 08 G,y o, COV (21)

The overall g/o/w mass transfer coefficieRy, () is estimated from the individual mass

transfer coefficients of oil and water (Eq. 3) (Tab). To account for the effect of the dispersed

oil droplets as oxygen vectors, the available olumetric area &) is multiplied by by an

enhancement factoer() (Eq. 6). In the absence of @il=0, while in the case that oxygen would

be transferred across a thin oil layer coveringttital bubble area = a, /4, -

The second right-hand term of Eq. 21 represent®xlygen transferred via g/w across

the bubble surface that is not covered by oil. 3¥erall g/w mass transfer coefficierk () is
equivalent to the individual mass transfer coedfits in waterk, (Table 1). A coverage factor
( f5) accounts for the ratio of gas area covered blyesds §

4/0) @nd the total gas area available
(Eq. 4).

The mass transfer coefficients, and equilibriunrubtities required for Eq. 21 were
taken from literature data for hexadecane, dodeaadesesquiterpenes (Talille The oxygen

concentration in water(,,) was calculated from the DOT experimental data (Hq.

Assuming a pseudo steady sta@TR~ R,), the DOT profile in the fermentation can
be derived from Eq. 11, Eqg. 16 and Eq. 21:

CW - kv;)/w ma Biv;)) [(:w eq+ kg wml_lg) [agDCw eq_ RO( )/ VV\

(22)
k0/W ma Ba'0) + kg/wml_lg) [Hg

Finally, k a was estimated from Eq. 22, Eq. 8, and Eq. 16.
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4. Results

The stationary method (Eq. 8) was used to deterrkjrevalues in fermentations of

E. coliK12 without oil (FO1) and in the presence of 7.2+%v/v hexadecane (F02) (Table 3).

The maximum solubility of oxygen in water was esttad as 0.23 mol-O2 Fawater in FO1

(Eq. 12) and as 0.36 mol-O2%water in FO2 (Eq. 13) (TabiB. In agreement, FO2 presented

a higher DOT (%) than the base case FO1 (Figurang)k, a was also significantly higher

(p - value t-test <0.05), resulting in a ca. 12%piovement. Note that an incorred, ,

estimate would erroneously suggest improvements Uj2% (Table 3).

Experiment FO1 allowed to estimate the bubble ditemas 0.15 mm (Eq. 17, Eq. 20)

from the experimentak, a (Table 3) and a reportek], of 0.108 mh™ (Table 1). This diameter

was used as reference for all the calculationdig work, including those corresponding to

fermentations in the presence of oil.

Table 3 k a values for different assumptions on oxygen solulify. Experimental values were

determined by the static method in fed-batch fermetations of wild type E. coli K12 without oil

(FO1) and in the presence of 7.5+0.2% v/v hexadea(F02). The parameters used to moded, a

values were:a=0, =0, and d, =1.5 mm in FO1;a=0.3, p=0.5, and d,=1.5 mm in FO2. For F02,

k a calculations with varying C..eq estimates (Eq. 17 - Eg. 18) have been included for

comparison.
Cuveq Kk, a experimental k. amodel
(mol- O, - m*-water) (sh (sh
FO1 Cueq gw 0.23 8.9x10+0.3x1G 9.1x16+0.3x1G
Cued gan 0.36 10.0x10+0.4x16 9.9x16 +0.4x16
FO2 Clveq g 0.23 15.3x10+0.5x16 15.1x16 +0.2x16
0.25” 14.6x16 +0.5x16 14.3x16 +0.2x1G

W,eq_ average

) Estimation based on 10% v/v oil
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DOT (Eq. 22) andk a (Eq. 8) profiles of FO1 and FO2 were modeled carinigj cell

growth kinetics (Eq. 15 and Eq. 16) and oxygengfanparameters (Eq. 21). In the base case
without oil (FO1), the oil enhancement facto) &ccounting for the role of dispersed droplets
in oxygen transfer, and bubble coverage fagipatcounting for the fraction of bubble surface
covered by oil, were kept to zero. Although the latkescribed the experimental DOT profile
of FO1 with a R=0.72 (Figure 2A), the estimatel, a of 9.1x1G s! +0.3x1G s* was

statistically the same as the experimental oneafpev t-test >0.15) (Table 3). The low
correlation value (R0.75) is rather a consequence of the little vimmin DOT along time

than a meaningful deviation from the experimentghd

In fermentation FO2 a field of model DOT curves éhiferent values oft andf} was
generated (Figure 2BThe impact of the degree of bubble surface cowetagoil §3) in the
DOT was relevant at low values of oil enhancemaatdr () (curvea=0.2,p=1 versus:=0.2,
=0.5), but was negligible at high values (curven=0.6, p=1 versusoa=0.6, f=0.5). By
comparing the experimental DOT to model curvesjpachtransfer route in which bubbles are

only partially covered by oil=0.5), an oil enhancement facior a, / a, (approximately 0.3)
was identified as most probable scenario. This thiaite where both dispersed oil droplets,
and oil covering part of the available bubble scefalay a role in the oxygen transfer described
the experimental data with arf Bf 0,74 (Figure 2B). Similarly, as in FO1, theimstted k,_a
(9.9x1F s! +0.4x1C¢ s!) was statistically the same as the experimenta (mvalue

t - test >0.20). Both experimental and mo#gh slightly decreased along the fermentation for
the studied period. Such decrease has formerly lirdead to a reduction in volumetric power
input [30] which happens in this case due to the dilutiothefmedium during the fed-batch
period. In this fermentation, however, the chamgexperimentak, a with volumetric power

input was steeper than model curves at diffeseratlues (Figure 3A), and steeper than reported

values in literature for hexadecane-water sydqtEh
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Figure 2. [A] Comparison of experimental DOT profile in FO1 without oil to a modelled DOT
profile (a= 0; p=0; R?>=0.72). [B] Comparison of experimental DOT profilein FO2 containing
7.5% viv of hexadecane to model trends based on fa@ifent oil enhancement ¢) and bubble

coverage ) values (R=0.74).
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Figure 3. Experimental k a values corresponding to different volumetric powerinput. Dotted

lines represent modelled results at a bubble covege of p=0.5 and varying values of olil
enhancement ). [A] Fermentation with E. coli K12 containing: 7.5% v/v hexadecane (F02);
power input decreased due to increase in volume ding the fed batch period. Arrows indicate
direction of change. Dashed lines correspond to ditature values for dispersion of hexadecane in
water at 10%v/v and 5%v/v oil concentration [18]. [B] Fermentation with sesquiterpene-
producing E. coli containing 4% to 6% v/v dodecane (F03). [C] Fermdation with sesquiterpene-

producing E. coli containing 6% to 9% v/v dodecane (F04).

The variability of k, a with volumetric power input was higher in FO3 &4 where

longer fermentation times were studied. During filgt period of fermentation FO3 (Figure
3B), the estimated value decreased from 0.4 to 0.3 for a decreaselumetric power input
from 8500 W- ¥ to 6500 W-r7t. However, when the volumetric power input was éased
again to about 8000 W-Pr(start of period 2) the estimatedremained almost constant at at
level of 0.3 while decreasing the volumetric powmgut until 6000 W- . This behaviour took
place again during the last period of the fermémtatin the case of fermentation FO4, a
decrease i from 0.55 to about 0.35 was observed in periodnlleandecreasing the power
input from 9000 W- i to 6500 W- ¥ (Figure 3C). However, in period 2, towards the ehd

the fermentation, below ca. 7250 W?nhere was a more pronounced decrease than during

period 1.

Data reported in literature measured by then dynamic method [15, 18] suggest a
decrease ofk a with increasing cell concentration, and an enhare® of k a when
increasing oil concentration. However, in this stuld a- (P-VY)™? was not significantly

correlated to cell concentration (Pearson coeffisieof FO1 to FO4 were +0.63, -0.63, +0.66,
and +0.06, respectively); neither to oil fractiiigure 4). Consequently, the observed decrease

in a value could not be attributed to these variables.
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Figure 4. Experimental and literature Kk a values corresponding to varying oil fractions.

Continuous lines correspond to experimental data (@ble 2). Dashed data correspond to literature

values for (a) hexadecane in watefl18] at 4000 (W-nv) and (b) dodecane in suspension of

quiescent cell15] at 963 (W-nt®). For comparison purposes K, a values have been normalized

to account for the effect of power input. Oil fracton in FO2 to FO4 changed due to dilution of

medium during the fed batch period. Arrows indicatedirection of change. While increasing values

of k_a with oil fraction have been reported in literature (Pearson coefficient >0.95), experimental

k,a-(P-vh* in this work was not significantly correlated to d concentration (Pearson

coefficients of FO2 to FO4 were +0.82, -0.64, -0)07

112



Organic phase emulsification limits oxygen transi@nancement in multiphase fermentations for tbdymtion
of advanced biofuels and chemicals

5. Discussion

In multiphase fermentations many transfer routesxyfen are possible and determine

the estimated oxygen solubilitg, ... Whether the presence of oil results in a sigaific

enhancement in oxygen transfer largely dependfhemdominant transport route. In order to
properly estimate such enhancement from an expatahdOT profile, one must know
whether DOT probe calibration was performed in eneg or absence of oil (Eq. 11). The lack
of experimental details regarding DOT probe catibraand assumed transfer route (and hence

C..q Value) may explain the contradictokya results reported in literature so far [16, 21]. In

our experimental set-up, the presence of oil in @@ to an increase ik a of ca. 12%

compared to a similar fermentation without oil (01

Furthermorek, a and DOT profiles were described by a model based oombined

g/w and g/o/w oxygen transfer route in which bublgartially covered by oil and dispersed oil
droplets would contribute to the transfer of oxyg€his model implies that any enhancement
in oxygen transfer could be limited by the avail&piof oil area. In the specific case of
sesquiterpene fermentations, a contact adtyes6° and droplet sizes between 0.050 mm to
0.200 mm could be expect§D]. Addition of solvents like dodecane might lower gantact
angles @ =34°), improving oxygen transfer by increasing the @egof bubble coverag@)
However, this effect would be cancelled by the pneg of SACs in the fermentation broth,
since those can lower the o/w interfacial tensionabout 20 mN m [43, 44] potentially
increasing g/o contact angles (Eg. 2). On the otled, the stabilization of o/w interface by
SACs would reduce droplet-droplet coalescence aogdlet-bubble interactions, and thus the
degree of mixing within the dispersed oil phase tredrenewal of the g/o surface, resulting in
a lower oil enhancement factos § [4, 5, 14, 30] In this work, all fermentations displayed
decreasingr values along the fermentation age, which was noetated to neither an increase

in cell concentration nor a decrease in oil fractis power input due to fed-batch operation.

6. Concluding remarks

This study highlights how sesquiterpene productd/@norganic solvents used for

product extraction can affect oxygen transfer ifeanentation by enhancing, a. Proper

quantification of this enhancement, however, isjetted to the dominant oxygen transfer
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route. Experimentak a measurements by the stationary method supportexdrhgchanistic

mathematical model indicate that in this work a bomad g/w and g/o/w oxygen transfer route
takes place. In this combined route, both air bebliplartially covered by oil and dispersed oll
droplets contribute to the transfer of oxygen friiva gas phase. Such contribution, however,
decreases with fermentation age likely due to dogphase stabilization in the presence of
SACs.

This work has thus provided, for the first timejdmnce of the impact of organic phase
emulsification in the transfer of oxygen in multgse fermentations. Considering that
sesquiterpene fermentations are known to lead ganic phase emulsificatiofd], oxygen
transfer enhancement strategies such as the us#vehts as oxygen vectors are not expected to be
effective [11]. On the other hand, any improvements made in reducrganic phase
emulsification at microorganism, feedstock and pssctechnology levels, will result in

enhanced oxygen transfer while also improving oigphase recovery.
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Nomenclature

Roman
a volumetric transfer area

a, volumetric gas area

a volumetric gas surface covered by oil beads

g/o
a,, Volumetric gas surface in contact with water

Agio  Interfacial area oil-gas

Aow Interfacial area oil-water

Agw Interfacial area gas-water

Cy Oxygen concentration in gas
Cw  Oxygen concentration in water

Cweq Oxygen solubility in water

Coeq o oxygen solubility from gas-oil equilibrium

Civeq g oxygen solubility from gas-water equilibrium
C\N’eq_g,d\A oxygen solubility from gas-oil-water equilibrium

d particle diameter

Dimp  impellor diameter
Fs Feed flow
Fe Gas flow

k. liquid mass transfer coefficient

k. a volumetric mass transfer coefficient

K, mass transfer coefficient oil phase

k,  mass transfer coefficient water phase

K),W mass transfer coefficient across oil and water
Mm,, oil-water partition coefficient

My, gas-water partition coefficient

m,, gas-oil partition coefficient
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maintenance coefficient for substrate

3

m, ~ maintenance coefficient for oxygen

Mx  Cell mass in the reactor

N agitation speed

Np power number

OTR Oxygen transfer rate

OTRyiomw Oxygen transfer rate from gas to water via thepbdse
OTRgw Oxygen transfer rate from gas to water via thebbeiburface non-covered by oil
P power input

maximum specific oxygen consumption rate

Ro>  Oxygen consumption rate

Rx Cell growth rate

SACs surface active components

Vs superficial gas velocity

Vv System volume
Vi Water volume

out

Yo, concentration of oxygen dissolved in the gas tut+fstream

Yx;s Yield of cells on substrate

Greek

a enhancement factor

b5 degree of coverage

by volumetric fraction of gas

O gasin-flow

Do mass fraction of oil in o/w mixture
u specific cell growth rate
maximum specific growth rate

Pw water density

o Interfacial tension

7] oil-gas contact angle
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Chapter 5. Integration of Gas Enhanced Oil Recoveryin
multiphase fermentations for the microbial production of fuels and

chemicals

Abstract

In multiphase fermentations where the product foarsecond liquid phase or where
solvents are added for product extraction, turtiudenditions disperse the oil phase as droplets.
Surface-active components (SACs) present in thedatation broth can stabilize the product
droplets thus forming an emulsion. Breaking thisulion increases process complexity and
consequently the production cost. In previous workshas been proposed to promote
demulsification of oil/supernatant emulsions indafiline batch bubble column operating at
low gas flow rate. The aim of this study is to tds performance of this recovery method

integrated to a fermentation, allowing for contingaemoval of the oil phase.

A 500 mL bubble column was successfully integratéith a 2 L reactor during 24 h
without affecting cell growth or cell viability. Heever, higher levels of surfactants and
emulsion stability were measured in the integratgstem compared to a base case, reducing
its capacity for oil recovery. This was relatedrétease of SACs due to cellular stress when
circulating through the recovery column. Therefares concluded that the gas bubble-induced
oil recovery method allows for oil separation anell cecycling without compromising
fermentation performance; however, tuning of th&ucm parameters considering increased

levels of SACs due to cellular stress is requikadrhproving oil recovery.

This chapter has been published as:

Pedraza-de la Cuesta, S., Keijzers, L., van dedeWid..A.M., Cuellar, M.C., Integration of Gas
Enhanced Oil Recovery in Multiphase Fermentatioms thie Microbial Production of Fuels and
Chemicals. Biotechnol J, 2018.;13(4):e1700478.
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1. Introduction

Recent advances in strain development have endbéegroduction of extracellular
hydrocarbons such as alkanes and sesquiterpeneniciobial fermentations [1]. The
immiscible product, with a lower density than trguaous medium, forms an oil phase that
readily separates from the fermentation broth (FéglA). This opens the opportunity of
integrating a low-cost recovery operation suchedidisg or hydrocyclone into the fermentation
allowing for cell recycling and process cost redutt In reality, however, turbulent mixing
conditions in the reactor and the presence of seréative components (SACs) in the
fermentation broth (e.g., salts, glycolipids, pmoge cells and cells debris) disperse the product
phase forming an emulsion of small stable oil detgp(Figure 1B). Reported recovery methods
at large scale require using costly surfactants erahges of temperature [2], which might
compromise the purity specifications [3], increasests, and prevent cellular recycling by
affecting cell viability [4]. Although the need farlow-cost demulsification process might be
more relevant in the case of applications with ttigbonomic margins such as biofuels, the
problem of recovery of microbial emulsions is netm Solvents are widely used for product
extraction in fermentations and bioconversions ibagce product recovery, avoid toxicity
problems, or reduce product evaporation [5, 6]. @ispersion of solvent containing product
leads to similar emulsification problems as enceted in microbial fermentations of
extracellular hydrophobic hydrocarbons [7]. Teclogis such as gravity settling [8], and

membranes [9] have been described for organic pleaserery during the bioconversion.

Figure 1. Representation of production (left) and ecovery subprocesses (right) taking place in
different scenarios of multiphasic fermentations: A] Ideal scenario if no surface active
components (SACs) are present and a continuous télyer is formed after the fermentation; [B]
Scenario in which emulsification takes places prewding direct oil phase recovery after
fermentation; [C] Illustration of an integration of a GEOR column using gas bubbles at mild
mixing conditions to aid demulsification, while albwing for cell recycle; [D] Mild mixing
conditions required for droplet separation could l@ad to cellular stress and release of SACs

reducing recovery efficiency.
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Recently a gas enhanced oil recovery technology (ebreviated as GEOR) has been
proposed as an alternative to recover emulsifiechdéatation products [10]. This technology
consists of promoting the coalescence of oil ditgpierming a continuous oil layer by passing
gas bubbles through an emulsion. By adjusting beibize, number of bubbles, and aspect ratio,
GEOR was proven to be effective in diverse emulsiohhexadecane in an aqueous mixture
of water and the yea8Saccharomyces cerevisiak remains unknown how the technology
would perform in an actual fermentation broth wh&#&Cs can affect the stability of the

emulsion.

This work concerns the implementation of GEOR mitacovery of oil from microbial
emulsions by presenting an integrated bioreactoBRBEsystem. In this integrated
configuration, the fermentation broth containingdigpersion of oil droplets is circulated
through a GEOR column. In the column, the oil/wagparation takes place with the aid of gas
bubbles, and the oil depleted broth is transfelrack into the reactor (Figure 1C). The main
advantage of GEOR lies in reducing the number passtion steps, while avoiding the use of
costly chemicals. In addition, GEOR might offer ee advantages when continuously
integrated into a fermentation, such as: (i) aadlcle, (i) prevention of further stabilisation of
the emulsion over time, and (iii) avoiding oxygeansfer problems [11] in case of excessive
accumulation of oil in the bioreactor. On the othand, GEOR is typically performed at low
gas flow rates and mild mixing conditions. This @@some operational and design challenges,
namely related to possible oxygen and nutrient tition occurring in the recovery

compartment (Figure 1D).

The aim of this work is to study the feasibility mtegrating a GEOR column to a
bioreactor, with especial focus on fermentationfqrenance, emulsion behaviour, and oil

recovery.

2. Theoretical Background

The integrated process presented in this work stmsif a well-mixed fermentation
compartment operating in fed-batch mode, connetitedn external bubble column which
typically operates at milder mixing conditions tmmote oil recovery [10] (Figure 2B). The
main subprocesses taking place in the separatiomeoare: (i) circulation of the broth through

the column, (ii) mixing of the bulk liquid due taibbles, (iii) creaming of the oil droplets due

126



Integration of Gas Enhanced Oil Recovery in muligghfermentations for the microbial productionusl$ and
chemicals

to difference of density, and (iv) coalescenceefasated oil droplets into a clear oil layer on
the top part of the column aided by the gas bubBl#sough the exact mechanism(s) whereby
the separated oil droplets coalesce into a clédayar are not yet understood, the degree of oil
recovery in the column can be estimated by perfognai regime analysis as the one presented
in[12].

Separation of oil droplets from the continuous ehakes place when the time required
for a droplet to rise (addressed in this work asagring characteristic timegrean) iS shorter

than the time required to mix the liquid in thewoin Emix):

Tcream <T mix (1)

In addition, the residence time of the bulk ligindthe column %es) should be larger

than the creaming time in order to allow dropletstay in the column:
Tcream< TTEE (2)

The characteristic time for mixing in columns willspect ratio higher than three

depends on the column aspect ratio and the suddes velocity at which the column operates

(Ves) [13].
2 2 2
3
Z.r(;ti)!(umn =1.49 Dcolumn H column (3)
g Ij/GS Dcolumn

The residence time of the fermentation broth indbkimn ¢res) depends on the bulk

liquid flow (FL) and the volume of liquid in the colum¥icg):
Tres :Vcolumn/ Fl (4)

Finally, the characteristic time for creaming (Bydepends of the column height)(
and the and the droplet velocity), which at the same time depends on the dendiisreince
between the oilgi) and the continuous phase), the droplet size diametedqj, gravitational

accelerationd) and the drag coefficien€f) (Eq. 6).

.. =H/v, (5)

cream —
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v, :\/4@ EQPL _poil) md (6)
3IC, Lb,

As previously described in [12], the estimated sitee oil droplets dispersed in the
fermentation compartment due to the turbulent ciors range betweethin (Eq. 7) anddmax
(Eq. 8) depending on the o/w interfacial tensiaeg)( the continuous phase density)(and
viscosity fjw), and the volumetric power input,Jewhich depends on the stirring ratd) (the
aeration rateHg), the diameter of the impelleD{npeler), and the bioreactor working volume
(VR) (Eq. 9).

1

d o 0.0"1.38 mlo— 28) 0.46w|_ 0.05\3.11 (7)
min 00721VW @0.89
1
g’ )
dmax = [ﬁj (8)
L
reactor 99|:H: ENO.ZS l
" = (.50, N T _ )[1‘&3—}7 ®
impeller R

Considering Equations 1-9 it is possible to findogerational window where column
geometry, column aeration rate, and bulk liquidMlallow for droplet separation. However,
when designing the recovery compartment, not ogiyrdldynamics are important but also
cellular responses and their effect on productiatyd recovery. Although mild mixing
conditions are required in the column to promoteceaming [10] this regime could lead to
cellular stress caused by oxygen or nutrients &itiwh (Figure 1). The possible consequences
are diverse, such as release of surface active @oemps (SACs) that include proteins [14],
polysaccharides [15], carboxylic acids [16], to therease of cell membrane hydrophobicity,
loss of productivity and viability [14]. These aglir responses could have an effect in the oil
emulsification; either by reducing droplet coalesse[17], or by stabilising the o/w interface
[18], [19]. In addition, the accumulation of oilihe column could increase bubble coalescence

and the medium apparent viscosity contributingxggen limitation [11].
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2.1.Aim and approach

The aim of this work is to study the effect of lbrairculation through a GEOR column
on fermentation performance and oil recovery. Mdelehentations with wild-typ&. coliwere
performed, and hexadecane was eventually addednicmicrobial oil production and/or
solvent extraction. Hexadecane was chosen due twatompatibility (logP of 8.8) [20], its
similarity in number of carbons compared to comnanmicrobial oils like sesquiterpenes
(C15), and the availability of GEOR data with thigianic phase [10]. This approach allows to
fix the oil concentration regardless of fermentatmerformance. Consequently, fermentation

performance and degree of oil recovery can be qdedu

Four sets of experiments with duplicates were peréal (Figure 2A): A base case
consisting of a fed-batch fermentation in a reacessel (B1, B2); a fed-batch fermentation in
a reactor vessel circulating part of the broth gigftoa GEOR column for 24 hours (C1, C2);
addition of 10% w/w of hexadecane to a base caseefgation and recovering the oil by
circulating the dispersion through the GEOR coldomil hour (B3, B4); and addition of 10%
w/w of hexadecane to a fermentation similar to @d @2, and recovering the oil by circulating
the dispersion through the GEOR column for 1 h@&#, (C4).

In order to study how the circulation of broth thgh the column affects the
fermentation performance, cell growth, cell vidlyiland level of SACs in the integrated system
(C1 to C4) were compared to the base case (B1 JoM4dteins have been shown to play an
important role in stabilization of hexadecane migabemulsions [10, 21], and consequently,
they have been chosen as reference component &sumieg levels of SACs. In order to discard
any possible source of cellular stress other tharcirculation though the GEOR column, feed

rate, aeration and stirrer speed were chosen sua¥oid oxygen limitation in the main vessel.

As it was shown in Figure 1D, the cellular stressponses to the circulation of broth
through the recovery column can have an effechéndmulsion stability. Consequently, the
extent of oil recovery can be reduced. The impaewentual cell stress responses in separation
performance was evaluated by comparing the oil-aplth the GEOR column of the base case
(B3, B4) and circulation case (C3, C4).
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Figure 2. [A] Overview fermentation stages in the ifferent experiments. [B] Schematic

representation of the integrated system. P-pressureX-composition; R-agitation speed; T-

temperature; W-weight; F-mass flow; L-level; I-indicator; C-controller.
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3. Materials and methods

3.1.Experimental set up

The experimental set up consisted of a 2 L jacketedctor (Applikon,
The Netherlands), working in fed batch mode undleicose limitation connected by a
Masterflex peristaltic pump (Cole Parmer, Unitecht&) and Masterflex Tygon Fuel &
Lubricant tubing L/S 17 to a 500 mL glass-columrnnalcated in Figure 2.

The custom-made column of 37 mm inner diameternid outer diameter) and 600
mm height was aerated at 0.1 cttisrough a stainless-steel bottom plate with alsingzzle
of 0.3 mm diameter and an off-gas outlet locatedhattop. The nozzle and aeration rate
conditions in the column were selected based onrélalts reported by [8] to allow the

formation of phase gradient in the column.

In order to avoid excessive circulation of bubbiiesn the bioreactor vessel to the
recovery column, the extreme of the outlet port designed as a u-tube. The cell broth was
circulated back to the fermentation vessel by as@cMasterflex peristaltic pump (Cole
Parmer, United States) activated either by a Iseasor (C1 and C2) or by a weight sensor (C3
and C4). The temperature in the column was maietaat 35°C by an external heating coil,
connected to a cryostat (Lauda, United States),talnds connecting the two compartments

were insulated to avoid heat loss.
3.2. Strain, pre-culture medium, and fermentation medium

The strain used in this work isEscherichia coliK12 (MG1655) obtained from The
Netherlands Culture Collection of Bacteria (Utredfite Netherlands). 0.5 mL of stock culture
stored at -80°C in Luria-Bertani (LB) medium coniag 15% v/v glycerol, were inoculated in
100 mL of sterile synthetic medium (SM) [22] suppented with 15 g £ CsH1206-H20, and
0.0045 g ! ThiamineHCI. Precultures were incubated overnight (appraxéty 14 h) in
300 mL shake flasks at 35°C and 200 rpm in a rosaaker (Sartorius Stedim Biotech S.A.,
France), and inoculated in 900 mL of sterile fertaBan medium following the composition
as reported in [23] using 5 g*LlCsH1206'H20 as carbon source and 0.1 mL EROL DF 7911 K

(PMC Ouvrie, France) as antifoaming agent.
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3.3.Fed-batch fermentation

Fermentations were performed at an aeration rateSofiL min' controlled by a mass
flow controller (Brooks, United states), and siirmeith a 6-blade Rushton impeller of 45 mm
diameter at speed of 1000 rpm. For fermentations BB C3 and C4 stirring speed was
increased to 1200 rpm during the fed-batch phaseder to ensure a dissolved oxygen tension
(DOT) above 20%; the temperature was set to 3583 pH was maintained at 6.5 by adding
acid (2M HSQy) and base (NEKDH 25%v/v). Fermentation settings were controllgdab
ADI - 1030 controller (Applikon, The Netherland§pam was controlled by manual addition
of an aqueous solution of 10% v/v antifoam Erol-BEYK (PMC Ouvrie, France) up to a

maximum of 30 g.

After approximately 7.2 h of fermentation, glucosas consumed and the DOT
increased indicating the end of the batch phasehdit point, a glucose solution containing
700 g Lt CsH1206H20, 20 g L MgSQ:-7H.0, 0.045 g L ThiamineHCI, and the same trace
metal concentration as in the batch medium, wasrxthe bioreactor using a Masterflex
peristaltic pump (Cole Parmer, United States)ehmfentations B1, B2, C1, C2, different feed
mass flow rates between 5 and 10'giere chosen to test the validity of the modelifi¢ent
conditions. Experiments B3, B4, C3, C4 were perfeuirat a constant feed rate of 7 g-solution
hl. These feeding conditions were maintained througtie experiments including circulation

and recovery periods.
3.3.1. Circulation period (C1, C2, C3 and C4)

After 48 h from the beginning of the fermentatiome tbroth was circulated in
fermentations C1- C4 through the recovery colummageriod of 24 h at a mass flow of
3.16 g & with a Masterflex pump and Tygon 17’ tubings (Mafi), keeping a column
working volume of 350 mL, and providing a liquidsi@ence time one order of magnitude

higher than the expected creaming time.
3.3.2. Recovery period (B3, B4, C3 and C4)

After 72 hours of fermentation 10.0+0.3 %w/w of hdrcane (Sigma-Aldrich) colored with
oil red-O dye (Sigma-Aldrich) was added to the tean fermentations B3, B4, C3 and C4. In
fermentations C3, and C4, all the broth was transfeback to the reactor vessel prior to the
addition of oil. After mixing the oil for 30 minhe dispersion was circulated through the GEOR

column for one hour, and pictures of the top ofdbleimn (equivalent to a picture area of 20x40
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mm) were taken to evaluate the degree of oil regoviéhe conditions in the reactor vessel and

column, including feed rate, were the same asercittulation period.
3.4.0n-line analyses

DOT was measured by a dissolved oxygen sensor i&ppIThe Netherlands; Mettler
Toledo, The Netherlands). The €@nd Q concentrations in the bioreactor off-gas and in
pressurized air were analyzed by a Rosemount NG¥O-2fas analyzer (Fisher Rosemount,
Germany). pH was measured by a pH sensor (Applikbe, Netherlands). Temperature was
measured with a temperature sensor (Applikon, Tégh&tlands). Feed rate was continuously
monitored with a balance (Mettler Toledo, The Ned#dms). DOT, concentrations of @@nd
O: in the off gas and in pressurized air, pH, temppgeaand feed weight were continuously
recorded with a MFCS/Win 2.1 software (Sartoriusdgh Biotech S.A., France).

3.5.Off-line analyses
3.5.1. Optical density and cell dry weight

Optical density of samples was measured in a sggudtometer (Biochrom) at 600 nm.
1.5 mL microcentrifuge tubes containing 1mL of lratere set in a centrifuge (Heraeus,
Biofuge Pico) at 13000 rpm for 10 min. After disgiasg the supernatant, the tubes containing

the cell pellet were dried in an oven (Heraeugumsents) at 70 °C for 48 h.
3.5.2. HPLC, TOC and protein analysis

Supernatant was separated from the cells in aifteggr(Heraeus instruments, Stratos)
at 17000 rpm for 20 minutes at°€@ and filtered with a disk filter (Whatman) of 0.4%n in
fermentations B1, B2, C1, and C2 and a disk f(#&hatman) of 0.22 pm in fermentations B3,
B4, C3, and C4.

Extracellular amount of residual glucose, ethaglytcerol and acetate were determined

in supernatant by high-performance liquid chromedpgy (HPLC) as described in [24].

The total amount of organic carbon (TOC) in bratd aupernatant was analyzed at the
end of the fermentation (except in B3 and C3) withiotal Carbon (TC) analyzer (Shimadzu).
Extracellular protein concentration in the supeantatvas determined using a Bradford Protein
Assay Kit (Thermo Scientific). Protein concentragsofor circulation and non-circulation

experiments were statistically compared by a twieda-test assuming homoscedasticity.
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3.5.3. Cell viability

The concentration of colony forming units (CFU)twe sample was obtained by plating
cells on sterile LB medium plates. Samples wengel with sterile SM medium to ca. 10 CFU,
100 CFU and 1000 CFU per plate. The plates werebated for 24 hours in an incubator
(Heraeus instruments) at 3G after which the colonies were counted. Resultgiiculation
and non-circulation experiments were statisticalblynpared by a two-tailed t-test assuming

homoscedasticity.
3.5.4. Qil recovery: Experimental and theoretical values

Pictures of the top of the column were processefldobe Photoshop CS6, selecting
and area of 20x20 mm (10 mm radius from the ceofttbe column) and cropping the rest of
the picture. The selected area was processed etlsdftware ImageJ 1.47, characterizing

number of dropletsN;), droplet size distributiond() and droplet areaA(). The total area of

droplets (A gopers ) Was compared to the total area of ibkie Azoxo to estimate the oil

hold-up, &il:

_ AJiI,dropIets
oil — (10)

A20x20

Under the assumption that this hold-up remainedteo in the top of the column, the
percentage of recovery was then estimated by cangp#re volume of oil in the top of the

column with the total volume of oil added in theperment ¥ rora ):

Eqil Popio UTLD
Recovery (%) = —ol —2040

41V,

oil TOTAL

col D.OO

(11)

With Azoxaothe picture area of the top of the column &nd the column diameter. In
addition, a theoretical oil droplet size distrilmurtiwas calculated assuming a normal distribution
between theoretical.gh and Ghax (Equations 7 and 8, 0.04 and 1.55 mm respectiveity) a

standard deviation equal to three times half ofréim@e. For such droplet size distribution, the

volume of oil accumulated in the columV{iheoretica) When the droplets of sizes betweén

and d.,, cream to the top section of the column is:
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i =max di3
Voil,theoreticeh = IZ E DTDNI (12)

WhereN; is the number of droplets of diametkrThe theoretical recovery percentage

then becomes:

R 04 — Voil,theoretich
ecoverytheoretica( A)) - V— D.OO

0il, TOTAL

(13)

Note that whend, =d,,, the theoretical recovery would B8%, while ifd, =d_, ,

the theoretical recovery would be near 0%. Thecaktiecovery values were estimated for a

varying threshold of minimum droplet size beingeatal cream in the column (Figure 5C).

3.6. Fermentation model and Carbon balance

A model was developed to predict the cell and: @mentation profiles in the fed-
batch phase. The mass balances of cells, sub@tatese), and C&n the reactor at constant

feed rate are:

dM, (t)/ dt= () M, (1

(14)
dM;(t)/ dt= K+ ad§[M (9 =0 (15)
dMc (1) / dt= (9 M, (9 (16)

For the substrate balance (Eg. 15) a pseudo-statatly was assumedMs/dt~0) as
glucose accumulation in the reactor during the @atlbmited fed-batch phase was negligible.
The specific rates of glucose consumption and @@duction are given by their respective

Herbert-Pirt relations:

1

Q)= <) -m, )
X/s
YC/S

() =2 ) + g (18)
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Combining Equations 14,15, and 17, and Equatiorsntil8, the resulting cell-growth

rate and C@production rates are:

R, = dM,(§/ di= (Y TM(9 = Fom mOM()C, (19)
Re =AMLY/ dt= S5 (Y TM,(§+ g M) (20)

The total cell mass profile (Equation 21) was afeéiintegrating Equation 19.4Mand

to represent the mass of cells and the fermentatiom at beginning of the fed-batch phase.

FS

- F
M, (t) = [M — je( MYy sUtp)) 4 Ts
X X0

21
m (21)

The profile of cumulative COproduced during the fed-batch phase was obtained

integrating Equation 20 using the rectangle rule.
- )+R(t

Mc(t):z&(t‘ 1)2 C(t)(ti_ti—l)

! (22)

Based on reported models t6rcoli[16, 25], the kinetic parameters used in this nhode
were Yys=0.69 Cmol-X-Cmol-$, ms=0.024 Cmol-S-Cmol-%- h! Y¢s=0.26 Cmol-C-Cmol-
S?, and ng=0.02 Cmol-C-Cmol-}%-h?,

The carbon balance was calculated consideringah®oa fed into the system
( Ng eeq ), the amount of cells produced during the fetth phase I’y om= Ny enfl) ), the

total amount of C@produced during the fed-batch pha$¢ (), and therbgucts as total

organic carbon in the supernataMfc, -
NC,a\cc= ng feed+ N X ferr(lto)_ N X ferm NC - N TQC (23)

N
C- gap%) = NC— [100 (24)

in
S, feed
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4. Results

All experimental profiles of total cell mass ¢Mand the total C®produced (No2)
followed the trends predicted by the model basedeported kinetic parameters for non-
producing E. coli under aerobic conditions [16, 281 the experimental feed rates, with an
R?>0.96 (Figure 3) and R0.96 (results not shown), respectively. Furtheemahe carbon
balances closed with less than 5% gap. Profilesetbfmass, dissolved oxygen, gQ@esidual
glucose and typical anaerobic by-products suclthasiel or acetate (results not shown) suggest
that there was no of oxygen limitation in the vésEhese results indicate that all fermentations
were comparable in terms of fermentation perforreamzlependent on whether broth had been
circulated through the recovery column (experim&isC4) or not (experiments B1-B4). On
the other hand, protein levels in the fermentatioith both circulation and oil addition (C3
and C4) at the end of the fermentation were, imane, three times higher than in fermentations
with oil addition but no circulation (B3 and B4, £1<0.05, Figure 4A). However, there was
no statistically significant difference in viabjlitdata (p=0.86>0.05) when comparing

fermentations with and without circulation throutje recovery column (Figure 4B).

Oil hold-up in the top of the column and the petage of oil recovered indicated a
higher degree of coalescence in fermentations witpdor circulation to the recovery column
(experiments B3 and B4, Figure 5A). However, caaase into a continuous oil layer could
be seen in experiment B4 only. Foam content wasiderably higher in fermentations with
prior circulation (C3 and C4). This is in agreemevnth the increased supernatant protein

content as seen in Figure 4A and it could indieastgabilization of gas bubbles by the excess
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Figure 3. Total mass of cells in the reactor for bse case fermentations [A] and circulation case
fermentations [B]. Solid lines represent data obtaied from the kinetic model. Markers represent

experimental data obtained from cell dry weight meaurements.
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Figure 4. Comparison of base case (B1 to B4) andrailation case (C1 to C4) based on
extracellular protein concentration [A] and cellular viability [B]. Error bars represent the

standard deviation of the average.
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of SACs generated during the fermentation. Thelugism of the images did not allow to find
significant differences in averaged droplet sizéwleen experiments (results not shown).
However, oil hold-up was significantly higher (p605<0.05) in experiments B3 and B4, at

the studied conditions in the GEOR column.

By comparing characteristic times of the main sobpsses (Eg. 1 and Eq. 2) three
different regimes were identified (Figure 5B, frdaft to right): (i) circulation of small droplets
back to the reactor when the residence time irrébhevery columnteg is smaller or in the
same order of magnitude than the creaming tin@.); (i) medium-sized droplets back-mixed
in the column whenres is an order of magnitude larger tharambut the mixing time in the
recovery column tmix) and tceam are in the same order of magnitude; (iii) largepdets
creaming to the top of the column whenx is an order of magnitude larger thagtam
Considering the theoretical droplet size distribmttalculated at the bioreactor conditions (see
Section 3.5.4), the theoretical recovery as a fanatf the minimum droplet size able to cream
was estimated (see Figure 5C). When comparinggeretical analysis (Figures 5B and 5C)
to the experimental results (Figure 5A) it can bearved that: a) in all four experiments (B3,
B4, C3 and C4) there was creaming, indicating tthetre were oil droplets of sizes
corresponding to regime (iii) in Figure 5B; and thp percentage of oil recovered in the
experiments corresponds to the theoretical recof@rysuch droplet sizes (Figure 5C). In
addition, the minimum droplet size measured in erpents B3, B4, C3 and C4
(0.30 £0.04 mm) agreed with the theoretical estiomabased on comparison of characteristic

times.

Figure 5. Experimental and theoretical results foroil recovery. [A] Experimental results. Bars
indicate the significant difference (p=0.015<0.05) oil hold up and percentage of oil recovered
between base case (B3, B4) and circulation experinte (C3, C4). Above the bars, pictures of the
top of the recovery column for each experiment arshown. [B] Comparison of characteristic times
as a function of droplet size leading to three regies in the column (from left to right): (i)
circulation of small droplets back to the reactor €res<<tcream), (ii) back-mixing of medium-sized
droplets in the column @cream~tmix), (iii) large droplets creaming to the top fcream<<Tmix). [C]
Theoretical recovery as a function of minimum dropét size able to creamtream<<tmix). Red

arrows indicate experimental values.
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5. Discussion

The feasibility of integrating GEOR into a fed-datermentation was assessed through
kinetic modelling of four integration experimen&3( B4, C3 and C4) which presented same
fermentation performance as four fermentationswithout oil recovery (B1, B2, C1 and C2).
Duplicates, modelling, and experimental designvedid to systematically study and compare
the system with and without circulation through teeovery column, and with and without oil
addition. Although circulation through the GEORuwh for 24h at mild mixing and aeration
conditions did not affect cell growth or cell vidity, it increased the level of SACs in the
medium and hindered oil droplet coalescence. Theauatration of extracellular proteins in the
circulation experiments was up to three times highan that of the base case, and most
probably have contributed to the emulsion staltitirg as pointed out by [21, 26]. However,
further research is needed to determine if othessipte SACs like glycolipids from the
membrane exopolysaccharides, or cells with incieeagdrophobicity due to stress could have
also played a role [14, 15]. In any case, it castaged that from a fermentation perspective it
would be desirable to decrease the residence smeuah as possible in the circulation loop to

reduce the time during which cells are exposedr&ss conditions.

The results shown in Figure 5 suggest that stalitim of the oil phase in the form of
small droplets decreased the capacity for oil recpef the GEOR column since small droplets
were recirculated back into the vessel or remaozett mixed in the column. Estimations based
on characteristic times as described in sectiamdiated that the liquid residence time in the
column (111 seconds) was high enough to retain stithe 100% of the oil fed to the system
(Figure 5C). Therefore, according to the estimatjoncould be possible to reduce the liquid
residence time without significantly reducing tregcee of oil recovery. On the other hand, the
difference between mixing and creaming time in ¢b&umn allowed to recover only about
10% vl/v of the oil droplets in the top sectiontod tolumn, while the rest remained back mixed
in lower sections (Figure 5). A tuning of the s&g8 in the column is thus required to increase
the degree of oil recovery in the GEOR while keggarmentation performance unaffected. In
other words, targeting settings that would lead tiwoadening of regime (iii) in Figure 5B. It
can be seen that this can be achieved by lowetiag, and/or increasingres and zmix. In
particular, a decrease in aspect ratio would redineecreaming time (Eq. 5) increasing the
operational window at which oil can be recoverela@y, the limit forzes lies in the stress
tolerance and will be microorganism dependenthdlgh the @transfer in the column could

be improved by increasing gas-liquid contact aeeg (increasing the aeration rate, or reducing
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the bubble size), these measures might have aivegatpact onmmix. Hence, integration

concepts whereres is minimised are still preferable, for example tigh novel bioreactor

concepts. Furthermore, droplet coalescence aadnong could be promoted by increasing the
oil fraction and selecting solvents with lower denge.g., dodecane). Finally, further studies
on the mechanism of oil recovery will allow for nrealobust design, achieving a compromise
between fermentation and recovery requirementsrimg of bubble size, number of bubbles,
column geometry, residence time, and oil fractidhese studies require improving the

acquisition of droplet size data, for example bplementing an in-situ optical probe [27].

From an operational perspective, an in-line GEORirna compared to an off-line
separation at the end of the fermentation is mateaageous in cases where long
fermentations runs are required (e.g., low prodigtior continuous fermentations). In these
cases, prevention of emulsion stabilisation oveet{28], or excessive accumulation of oil
phase in the bioreactor [11] becomes more relev@nt.the other hand, in continuous
fermentations the concentration of SACs in thetbi®expected to be lower since the medium
is continuously refreshed, and therefore the cunrecovery capacity of the GEOR column

could be enough to achieve a formation of a contiswil phase.

In summary, this study is a step forward in thelengentation of GEOR as a feasible
in situ product removal technology in multiphase fermeatest without affecting fermentation
performance in terms of cell growth and cell vidghilFurther studies with specific microbial
systems should be performed to assess the poséibtds on product formation. Tuning of
GEOR operational parameters is required to impraivezcovery, either by reducing cellular
stress conditions or by allowing oil coalescencarnnenvironment with higher concentration
SACs. This works consolidates the opportunity &mtuction in cost and environmental impact
of multiphase fermentations allowing for cell releycreducing energy requirements and

avoiding the use of chemicals such as surfacthatsnight compromise product quality.
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Chapter 6. Conclusions, recommendations and outlook

The challenges of microbial sesquiterpene prodogii@cess addressed in this thesis
are the emulsification of the product in the regctioe loss of product in the off-gas due to
evaporation, and the modification of the gas-liquiglgen transfer mechanisms in a multiphase
system. These issues derive from a complex netebrkechanisms, where the modification

of one parameter has an effect in several aspéthte process (Figure 1).

For example, when production pathway is coupledymmnth metabolism, cellular
growth can lead to sesquiterpene production. Tiiseases the concentration of oil phase,
which in turn enhances the rate of droplet-droptetlescence. Consequently, there is a larger
averaged droplet size and droplet creaming is ex@thnOn the other hand, higher cell
concentrations imply higher concentration of SAC¢he medium (e.g. extracellular proteins,
exopolysaccharides, cell, cell debris), which dabitize droplet and bubble surface preventing
droplet growth by coalescence. In addition, theas#ty of the fermentation broth rises with
the concentration of cells. This reduces the degrenixing in the system, affecting

coalescence, creaming and oxygen transfer mechgnism

Although the insolubility of sesquiterpenes in #ipieous medium can be advantageous
for product recovery, the complexity of a multipaaystem should not be underestimated when
scaling-up the production process. In this worke tldifferent mechanisms, their
interconnections, and their impact on the processesup have been studied, and the main

conclusions are summarized in the following sestion
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» oxygen cellular
uptake

droplet
creaming

mixing
aeration stirring geometry
rate rate (¢l.9. aspect ratio)

Figure 1. Network of interaction between mechanismgircles) and operating conditions (squares)
in a sesquiterpene fermentation. Mechanisms relatei product evaporation were not included to

simplify the scheme.
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1. Regime analysis as a tool to identify scale-up béghecks

Regime analysis resulted a useful technique totiigebottleneck mechanisms for
product recovery at different scales. In chapt#én@ characteristic times of droplet coalescence,
SACs adsorption, droplet creaming and mixing merdmas were compared at different scales
and process conditions. In the case of dropletnuireg, it was concluded that the ratio of
creaming time to mixing time increases with thecteavolume. Therefore, although creaming
is not necessarily a problem at small volume amd dspect ratios, it becomes a rate-limiting
mechanism at larger scales. Other mechanismsSh@gs adsorption and coalescence, are in
principle independent on process scale. Howevery ttiepend on parameters that not
necessarily have to be the same at different sckmsexample, higher cell concentrations
might be required at large scale, potentially insrag the concentration of SACs, and reducing
the characteristic time of adsorption onto a dropifeaddition, at laboratory scale solvents are
typically added to the broth for product extract{@n2]. This increases the oil concentration
and the coalescence rate. However, references tsthof solvents in large-scale sesquiterpene
fermentations are scarce [3]. This means that soafee rate will differ at larger scales when

solvent is not implemented.

The main conclusion of chapter 2 is that mixingi@ reactor at fermentation conditions
enhances droplet coalescence upon droplet stalulizdy SACs. However, the resulting
mixing regime hinders droplet creaming. This implikat product recovery by gravity settling
is not possible at the conditions of aeration agithtion required for fermentation. Hence, two
compartments operating at different mixing conditi@re required for integrating fermentation
and gravity settling. This can be done in one p@axuipment (as it is being further developed
within the Deft Integrated Recovery Column projebi)t also as an external loop, as studied

in chapter 5.

2. Consequences of using solvents in microbial produoh of sesquiterpene

Sesquiterpenes are slightly volatile molecules wathour pressures in the range of 3 to
8 Pa at 25°C (values predicted by EPISuite™ Chede3pdatabase). Product evaporation
complicates the evaluation of the productivity dtrabial strains in laboratory scale. This is
especially a problem in shake flasks, where regoresthods like off-gas condensers are not

readily available and product titres are low. A coom solution at laboratory scale is adding
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10-20 % v/v of a solvent to the fermentation briotlcapture the produced sesquiterpene [1, 2].
In chapter 3 it was concluded that volatility ofgeiterpenes could lead to 5-10% of product
loss at scales of 1000°nExperimental results presented in chapter 3 sighat sesquiterpene
evaporation takes places via a parallel transfeteracross air/water and air/oil interfaces. The
prevalent route depends on the type of bubble egeeby the oil phase, the concentration of
oil, the concentration of SACs and the interfagedperties of the gas, water and oil phase.
When a solvent is added, the overall concentraiisesquiterpene in the oil phase is reduced
and so the sesquiterpene equilibrium concentratitite gas phase. As a result, the evaporation
rate is reduced (e.g. 50% of evaporation rate temtuevhen adding 10% v/v of dodecane to

the medium).

As previously mentioned, addition of solvent alsompotes coalescence of the dispersed
oil phase. Laboratory scale protocols report trditah of 2 volumes of solvent (e.g. Methyl-
tertbutyl-ether) per volume of fermentation brothaichieve phase inversion. Once that the
emulsion of oil droplets in water is inverted to emulsion of water droplets in oil, water is
separated from the continuous oil phase by cegatian. At large scale, phase inversion is
rather achieved by adding a commercial demulsiféeeg. Triton-X114) and changing its
solubility in oil by modifying the temperature dfet mixture [4]. In principle, phase inversion
by solvent addition could be also an alternativiaugfe scale, however this requires additional
product/solvent separation steps (e.g. distillgticdhapter 3 presents a techno-economic
evaluation of using solvents in the fermentationtibrand in DSP at production scales of
25 MT year' and 25000 MT yedr Due to the several simplifications made (e.gumggion
of solvent/broth ratio based on laboratory protsgabsolute values should be taken with care.
However, trends and comparison among cases aretegp® be correct. This evaluation
concluded that a solvent-based process at scaleatypf flavours and fragrances
(25 MT year?) has larger costs that the current state of thasang commercial demulsifiers
like Triton-X114 (82.4 $ kg versus 49.0 $ kb. However, when increasing the scale, the
impact of the CAPEX in the overall cost is redugedomparison to, for example, expenditure
in raw materials. As a result, a solvent-based gs®a@t scale typical of bulk chemicals and
fuels (25000 MT yeal) presents cost (3.7-5.6 $Kgsimilar to the current state of the art based
on commercial demulsifiers (3.2 $Kg Furthermore, if solvents compatible with theafin
product formulation are selected (e.g. diesel englocess of farnesene for jet fuel production),
unit production cost can be lowered (37.7 $ kit scale of 25 MT yedr 0.7 $ kg' at

25000 MT yeat), while decreasing environmental impact. Furthwst ceduction in a solvent-
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based sesquiterpene process would require imprdlm@P| demulsification efficiency, by
reducing the required amount of solvent and redytne loss of solvent and product in the

aqueous streams of the centrifuges.

Finally, the presence of an oil phase (solvent@makoduct) in the broth can also affect
the mechanisms of oxygen transfer from the gas lealib the agueous medium. In chapter 4,

it was concluded that a g/o/w transfer parallegte transfer was the scenario that better
described experimental oxygen concentration pmfiled K, a values inE. coli fermentations

containing up to 10% v/v of oil. In this mixed reupart of the bubble surface in direct contact
with the aqueous phase, and part is covered byldayer. Oil droplets can be enriched in
oxygen, either by direct contact with the gas babdohd a subsequent detachment from its
surface, or by entering in the stagnant aqueotes lagh in oxygen that surrounds the bubble.
In this way, the dispersed oil droplets become w® of oxygen increasing the available
transfer area. In addition, solubility of oxygenhgdrocarbons is higher than in water, and
consequently, their presence can rise the oxygemertration in the medium. Results

presented in chapter 4 confirmed indeed an enha@emconcentration of dissolved oxygen
and K @ upon addition of hexadecane to the fermentationimned This enhancement,

however, is subjected to the dominant oxygen teansfute which in turn is affected by the
presence of SACs in the medium. Results in chapleghlight that emulsification is a problem
that affects not only product recovery but alsogety transfer. This is especially relevant at

large scale, where oxygen limitation is typicallgiesign constraint [5].

3. Continuous oil removal by integration of productionand oil recovery

The outcome of the regime analysis presented ipteh2 was the requirement of two-
separation compartment reactor for an integratedymtion and recovery of sesquiterpenes at
large scale. In line with this conclusion, chafigsresents the integration of a Gas Enhanced
Oil Recovery (GEOR) column to a fed-batch reacitne GEOR column consists of a bubble
column where low aeration conditions allow for detgreaming. Once those droplets reach
the top, they form an emulsion layer. Although thechanisms are still not clear, it has been
observed that bubbles circulating through this emullayer can lead to the coalescence of the

emulsion into a clear oil layer.
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The main advantage of the integration of a GEORirool compared to an off-line
separation equipment (e.g. settler, centrifugehasoil can be removed from the system while
keeping the microbial cells alive, so they can irdiately be recirculated to the fermentation
compartment. From experimental results based ondetations withe. coliand 10% v/v of
hexadecane, together with a cellular growth modeded on kinetic parameters, it was
concluded that circulation of fermentation brothotigh a GEOR column does not affect
cellular growth neither cell viability. However, riesults in a higher concentration of SACs
compared to a base case fermentation in one vddsslincreased level of SACs does have a
repercussion in the emulsion stability and the degf oil recovery. Although the integrated
GEOR column does separate oil droplets disperseithenreactor vessel, it needs further
optimization to promote coalescence of these dtej¢o a clear oil layer. After performing a
regime analysis of this system, it was shown theaiming, and thus recovery, could be further
promoted by reducing the column aspect ratio. Téehse in aspect ratio requires rather an
increase in diameter, and consequently an incrieetfe volume of the recovery section. At
laboratory scale, the set-up flexibility is limitdmyy the volume of the reactor vessel (2-L
jacketed reactor). Therefore, it is required to knatrlarger fermentation scales in order to test

the GEOR column at its maximum recovery capacity.

4. Overcoming experimental challenges

While addressing some of the challenges of mictseisquiterpene production process,
this project faced its own difficulties. These wenainly related to the lack of a producing
strain with high productivity for experimental tes}, the scarcity of data regarding physical
properties of sesquiterpenes, the impact of thplmbke in typical fermentation analytics (e.g.,
cell dry weight, extracellular protein concentratialissolved oxygen concentration), and the
need to develop new analytical protocols to charaast emulsion stability and oil phase
recovery. The latter was indeed, one of the keyeissalong the project. Not only there are
several ways to define emulsion stability (e.gaiast chemicals, pressure, temperature), but
also there is a dynamic component in the degrestatiility that makes difficult to compare
samples not simultaneously processed. In additlon,properties of the obtained emulsion
highly change along a fermentation. The lack ofeahmd with a wide sensitivity range, leads
to a binary result (completely demulsified/complgmulsified) rather than to an indication

about the degree of stability. Even if methods ddaé slightly modified to measure each type
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of emulsion, the experimenter should know in adeawbat the stability of the emulsion is,
leading to a paradox situation. So far, as showehapter 5, the link of emulsion stability to
SACs concentration, droplet diameter, and degreeadvery in a bubble column, has given
the most satisfactory results. In that chapterestimation of the averaged droplet size was
made from pictures of the recovery column. It wdobke interesting to perform a direct
quantification of the recovery, by removing theghkse from the inline column implementing

a decanter, such as the one described by [6].

The chosen approach to overcome the experimentftuities was mimicking
sesquiterpene fermentations with non-produ&ingoli K12strain and hexadecane as oil phase.
This allowed to decouple oil concentration from pebductivity, and to support experimental
data with modelling based on well-known fermentatiinetic parameters &. coli K12.In
first place a black box kinetic model described pvefiles of cellular growth and GO
production. In this way, cell mass in the reactmrld be estimated from off-gas data supporting
cell dry weight measurements that can be affectedhb presence of oil. In addition, by
implementing this model in a flow-sheet softwatee tmpact of fermentation and recovery

strategies in the productivity and process cositddoe evaluated.

Furthermore, a regime analysis was developed &m@ie the dominating mechanisms
at different process conditions. Droplet creamimgxing in the reactor, droplet coalescence,
and adsorption of surface active components (SAGE) the droplet surface, were described
as function of their characteristic times. Theseengependent on process conditions such as
volumetric power input, droplet size, oil concetibn, and SACs concentration. To
complement the regime analysis with experimentah,ddroplet sizes in oil-water mimic
mixtures were measured. An optical probe succdgsédted in Heeres, Schroén [7], was used
for in situ image acquisition of oil in water digp®ns in chapter 3 of this thesis. However, in
oil-fermentation broth mixtures with high concetia of cells, the smaller droplet size and
the optical density of the medium did not allowotatain reliable data. In consequence, models
based on coalescence and breakage rates [8] weateruthis thesis to estimate droplet sizes at
different conditions. The implementation of an oatiprobe with higher resolution would be
desirable for determination of droplet size disitibn in systems with high concentration of
SACs and low droplet diameters [9]. Regarding dbacentration of SACs in the medium,
from the several components that can interact ditbplet surface [7], this thesis used
extracellular proteins (Chapter 5) and mannopreté®hapter 2) as an indication. Further

research on glycolipids and microbial cells couddibteresting to increase the portfolio of
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SACs markers. Especially in fermentations performéti E. coli, the use of cell cytometry
could aid to establish a link between membranaiitteand emulsification [10].

In addition, transfer models were developed to eupgnd predict oxygen transfer and
sesquiterpene evaporation data in a multiphaseerayshese models rely on physical
properties such as vapour pressure, partition icgaits, interfacial tension, averaged particle
size (e.g., bubbles and droplets), and viscosityst\df these properties are not available (e.g.
volatility data and partition coefficients of sesqtpenes), or are difficult to obtain from a

multiphase fermentation with high cell density (exigcosity, interfacial tension).

Finally, different alternatives for microbial proction of sesquiterpenes were evaluated
from a techno-economic perspective in chapter & déveloped flow-sheet model relies on
several assumptions such as the amount of solequired for demulsification of the product,
and the efficiency of o/w separation using cengrgfsl In addition, several physical properties
(e.g. vapour pressure) were estimated using preelictodels. Although the results obtained
using these assumptions were useful for comparisbrdifferent process alternatives,

experimental data would be desired for obtainingevaxcurate cost values.

5. Outlook

This thesis was performed within the Delft Reattdegrated Column project (DIRC).
The main goal of DIRC project is to design an in&ed reactor for the production and recovery
of hydrocarbons such as isoprenoids and alkaneskidwledge generated in this thesis allows
moving a step forward on the design of a procesghich a low-cost separation technology
integrated into a reactor can recover productsedssgul in a second phase from a fermentation
broth (Figure 2).

According to the regime analysis performed in ceaf fermentation and recovery are
separated in different compartments. On the onel,harreactor compartment with enough
mixing and aeration to promote production, whilegiag cellular stress low avoiding over
production of SACs. On the other hand, a separatompartment with mild aeration
conditions, so droplets can cream. The residenee, fjeometry (e.g. aspect ratio), and aeration
rate in the separator should be not be choserb@siyd on hydrodynamic constrains (e.g. allow
droplet creaming and avoid back mixing). Insteadlutar stress mechanisms leading to an

increase of SAC concentration (e.g. overproduatigproteins, and increase in cell membrane
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hydrophobicity) should be also considered so thatdperational conditions do not promote

product emulsification. In case this cannot be @®dj the design of the column parameters

should consider the cellular response and its imipate level of SACs.

Parameters which play a key role in the coalescefogispersed product, like oil

fraction, do not necessarily depend on the straddyctivity. Solvents can be added to the

system contributing to enlarge the averaged drget by promoting coalescence. As shown
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Figure 2. Schematic representation of an integrategdrocess for continuous production

and recovery of microbial sesquiterpene. In this stem, the reactor would be a bubble column

mixed by the power input provided by the gas bubble Solvents can be added to the system

promoting oil coalescence and enhancing oxygen trafer. Alternatively, product could be

recycled for the same purposes. Part of the fermeation broth is transferred to the gas

enhanced recovery compartment where oil is separaterom the aqueous phase. Broth with

lower ail content is transferred back into the reator, and the clear oil layer is removed from

the top.

157



Chapter 6

in chapter 3, this could lower as well the lospadduct in the off gas, without incurring in
higher unit production costs or increasing the emrmental impact. This is especially relevant
in the case of using solvents compatible with thalfproduct formulation (e.g. diesel as solvent
for the jet fuel precursor farnesene), or in theecaf recycling the product itself. The
implementation of in-situ optical probes could h&ypmonitor the droplet size distribution
along the fermentation. Consequently, the amourgobfent added to the system could be

controlled to optimize the recovery in the separaiompartment.

On a more critical look, the technology still needoe proven with a producing strain
to discard any impact in the production metaboldfithe strain. In addition, although results
presented in chapter 5 concluded that a gas enthailaecovery compartment integrated to a
fermentation can successfully recover oil from anuksion, it is still required further
improvement of the column settings to increasealgree of oil recovery. This requires scaling
up the equipment, to have more flexibility in terofsvolume and aspect ratio. In addition, it
needs to include other surfactants different thaems in the study, considering for example

the effects of antifoam, and of components preiseindustrial feedstocks.
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it would become easier witBaroline, but thenCarla arrived, and it started all over again. |

could write endless words about how thankful | amdil | have learnt from you. But | hope

you understand how much appreciation | try to espi®y saying that your names sound like

poetry to me.

Somewhere in my head there is a long version isfdabknowledgements section. A
version in which | thank Karel for letting me use heactor so | could finish my experiments
in time before the moving; where | thank Song amdk Br all the help and patience with my
set-up (that became at some point like a Christimegesfull of tubings and aluminium paper),
especially those hectic days before the movingh#t long section, | would also thank Max
and Stef for all their support with the image asal/and the gas chromatography analyses, but
especially because of being super nice to me dirag/that | passed by with a question. I'm
not sure if it is ok to include pictures in the aolwledgements, but my long version would have
a full colour page with a foto of Kawieta insidgpmk heart. That version should have like
almost a page thanking Rob Kerste for all | ledrmotn him about fermentations. And another
one thanking Adrie for all his good advices andgasience supervising together the course of
Bioprocess Integration. It would thank all the DAEB$ especially Kirsten, Arjan, Fabienne and
Marina, because | enjoyed so much working with thimvould explain how Arturo and Jay
have taken care of me so many times, preparingedifor me, helping me taking samples
during the weekend, or by preventing that | spexarhany weekends at home hiding from
people. It would thank non-BPEers like mi “Marsjtdlariana, or Paulina for being the best
excuse for a coffee break. It would explain how#fal | am to loanna and Paschalis for always
being there. David would probably get several pdigiesf uncomfortable emotional stuff. And
I would find some excuse to include Jelle as weliould thank Anouk Sugito for being my
favorite Scheherazade, and explain how importatd Isarn the language of the country you
live in. And | would save some lines to thank DEWEZeIft Women in Science) association
and especially the intervision group guided by Reamgn Koenen. | would thank Armando
Toledo, Daan Admiraal, Ron Ephrat, Emmy Storms, Madgreet Markerink, and explain how
musicians made me a better scientist. And | wdudahk Krashna Musika, VU Orkest, and my
dear crazy “Griekse Beek” and explain how amateusiaians made me a better person. |
would even have some lines for my plants, and teetttem | would thank Yvonne for teaching
me something so basic as “how to breathe”. Someihany head there is a long version, but

it had to become short because otherwise | caefigiou the easy question.
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The easy question “Why did you do a PhD?" has &y easwer: “Maria”. The most
valuable information is often hidden behind obvifacts. The ones that no one bothers to write
down in materials and methods because everyonenasseveryone knows. | could simplify
this paragraph by saying “Thank you Maria for aluy support”, but | thought that it would be
a good idea to state the obvious things, so | sake they don't get lost. Thank you Maria for
taking the challenge of accepting me as your studdmnk you for teaching me that dialogue
is the best weapon. Thank you for telling me that jalking about music can be also a good
topic to start a conversation with someone in derence. Thanks for wearing colorful dresses
to conferences full of grey blazers. Thanks for c@no my concerts. Thanks for your support
when things outside PhD were getting a bit messyillluse your colouring mandalas book
from time to time. Thanks for letting me make tlosters as | wanted, and the presentations as
| wanted. Thanks for all the feedback on my postEnanks for all the feedback to improve the
story-telling in my presentations. Thanks for thenite feedback documents full of comments
in my papers. Thanks for your time, and thanks#rmg. Thank you for accepting me as | am,
with the good and the bad things, and at the saneehaving the capacity of teaching me how
to grow and become better. | think only very skill€oaches are able to do both. | don’t think
| knew the meaning of self-esteem before | met Jdwank you for that. | came quite broken to
Delft. Expending all these years next to you wasnaaluable healing process. 5 years are
maybe too long to be considered a discontinuity/ bhink it is fair to say that you have meant

a before and after in my life.

My dear Maarten. And you? Where do | thank you your “Don’t think, minimize the
thinking”? Let the needle fall on the vinyl whileefly closing this book. A tango of
Piazzola...Balada para un loco! Whatever it comes &ftiting this thesis, | want it to start by

dancing together with you.
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