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Abstract

The rise of CO2 concentration in the atmosphere is a leading cause of global warming. Utilizing CO2 ob-
tained from point sources, such as chemical industries, as a feedstock to produce high energy density
fuels and chemicals could mitigate the emission of CO2 as well as provide various economic bene-
fits. One promising technology is the electrochemical reduction of CO2, however, the presence of
contaminants in the industry-supplied feedstock and the separation of products downstream would be
challenging in a continuously operated large-scale plant. To address these challenges and indentify
the bottlenecks involved, it is important to study which pre-treatment and post-treatment steps are
required and how to integrate these in a large-scale electrochemical CO2 reduction process.

The gas and liquid feed streams to the CO2 electrolyzers are first cleaned to the desired levels. The
liquid feed stream is water from the river Rhine that is purified so the specifications of the water meet
the requirements for type 1 water (ultrapure water). The gas feed stream is the flue gas stream of
an average steel-producing plant in Europe and is cleaned to remove sulfur and nitrogen compounds.
A two-step electrolysis process is used where CO2 is first reduced to CO, followed by the reduction
of CO to C2+ products. The electrolyzer for the first step is a membrane electrode assembly-based
flow cell with a current density of 300 𝑚𝐴 𝑐𝑚2− and a faradaic efficiency (FE) of 96% to CO. In the
second step, a gas diffusion electrode-based flow cell with a current density of 300 𝑚𝐴 𝑐𝑚2− and a
faradaic efficiency of 9.35%, 15.49%, 45.57%, and 16.38% towards acetic acid, ethanol, ethylene, and
propanol, respectively, is used. The anolyte and catholyte in the reactors are recycled 3,500 and 2,000
times, respectively, to reduce the size of purification of the liquid feed stream section and increase the
liquid product concentration. In both steps, unreacted CO2 and CO are recycled. The gaseous and
liquid products are separated and purified to meet the industry standards using established separation
techniques.

The total capital investment for a process with an industrial gas feed of 381.678 tons per hour is
4,053.5 million dollars with a daily operating cost of 7.403 million dollars. The daily income from selling
the products is 2.363 million dollars, but this could increase if the FE towards acetic acid is increased
since this product has the highest income per electron consumed. The net present value (NPV) for the
base case, assuming current technological and market conditions, is -19.4 billion dollars after 15 years.
To analyze which parameters have the most influence on the NPV, a sensitivity analysis is also per-
formed with a better and optimistic scenario. It was found that the economic feasibility of the currently
designed process is not limited by the technological progress, but mainly by the market conditions.

The target of this process is to reduce the emission of CO2, however, the operation of the plant itself
contributes to some CO2 emissions. Therefore the process should consume more CO2 than it emits.
The units that consume most energy and emit the most CO2 are the CO to C2+ products electrolyzer
and the first distillation column in the liquid product separation section to remove acetic acid. It was
found that the process is only carbon negative when the consumed energy is generated by nuclear,
wind, or solar energy. The net CO2 emission is the lowest when nuclear or wind is used as an energy
source. Generating all the required energy from these sustainable sources brings another challenge
since the total installed capacity of these sources are currently not sufficient to cater to the needs of
such a large-scale continuously operating CO2 electrolysis plant.

Keywords: Electrochemical CO2 reduction, large-scale, pre-treatment, post-treatment, techno-
economical analysis, energy analysis
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SOEC Solid-oxide Electrolysis Cell.

TCI Total Capital Investment.

TEA Techno-Economic Analysis.

TRL Technology Readiness Level.

UF Ultrafiltration.

UPW Ultrapure Water.

UV Ultra Violet.
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Greek letter Description Unit
𝛼 Charge Transfer Coefficient [−]
𝜂 Overpotential 𝑉
𝜋 pi [−]

Symbol Description Unit
𝐶𝐵 Base Cost $
𝐶𝑃𝑖 Free on Board Price of Unit i $
𝐶𝑃 Free on Board Price $
𝐶𝑃 Cost for Platforms and Ladders $
𝐶𝑇 Cost for Installed Trays $
𝐶𝐵𝑇 Base Cost for Installed Trays $
𝐶𝑉 Cost for Vertical Tower $
𝐶𝑇𝐶𝐼 Total Capital Cost $
𝐷 Diameter 𝑚
𝐸0 Thermodynamic Reaction Voltage 𝑉
𝐸 Electrode Potential 𝑉
𝐸 Fractional Weld Efficiency [−]
𝐸𝑒𝑞 Equilibrium Potential 𝑉
𝐸𝐸 Energy Efficiency %
𝑓𝐿𝑇𝐶𝐼 Lang factor [−]
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𝑖 Current Density 𝐴 𝑚−2
𝑖0 Exchange Current Density 𝐴 𝑚−2
𝐼 Index [−]
𝐼𝑖 Updated CE Index [−]
𝐼𝑏𝑖 Base CE Index [−]
𝐿 Length 𝑓𝑡
𝑚 Number of Moles of Product 𝑚𝑜𝑙
𝑛 Number of Electrons Transferred [−]
𝑁𝑇 Number of Trays [−]
𝑃𝑏 Break Power 𝐻𝑝
𝑃𝐷 Design Pressure 𝑝𝑠𝑖
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𝑞 Total Applied Charge 𝐴 𝑠
𝑄 Flow Rate 𝑔𝑎𝑙 𝑚𝑖𝑛−1
𝑅 Universal Gas Constant 𝐽 𝐾−1 𝑚𝑜𝑙−1
𝑖𝑅𝑠 Ohmic Loss 𝑉
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𝑇 Temperature 𝐾
𝑉 Volume 𝑚3
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Assumptions

Process

1. ASPEN Plus V12 Template Electrolytes with Metric Units is used to design the model

2. NRTL method is used to model the upstream and downstream liquid phase processes and the
electrolyzers in ASPEN Plus V12

3. ELECNRTL method is used to model the upstream gas phase processes in Aspen Plus V12

4. PENG-ROB method is used to model the downstream gas phase processes in Aspen Plus V12

5. The process is a fluid processing plant

6. The pressure drop in the gas and liquid phase downstream product separation units are negligible

Feed streams

7. The average water concentration of the Rhine is used at the measuring station near Nieuwegein,
Utrecht, The Netherlands from 2021

8. The concentration of ions in the liquid feed stream to the ultrapure water production is constant

9. The gas feed composition entering the gas purification part is constant

10. The gas feed is 381,678 ton/hr and the flow rate is constant

11. The feed water from the river has a constant temperature of 13.3°C

Electrolyzers

12. Only carbon monoxide, ethylene, hydrogen, and methane are formed in the electrolyzers in the
gaseous phase and will leave the electrolyzer in the gaseous phase

13. Only acetate, ethanol, and propanol are formed in the liquid phase and will leave the electrolyzer
in the liquid phase

14. The large-scale electrolyzers operate at the same current density, faradaic efficiency, and single
pass conversions as mentioned in the reference article

15. The average residence time in an electrolyzer for the electrolyte is 1 minute

16. All OH− that passes through the electrolyzer membrane is consumed immediately

17. No loss of CO2 due to carbonate formation or other side reactions

18. Recycling electrolyte does not influence the electrolyzer specifications if the water mole fraction
is 0.8 or higher

19. pH in the electrolyzers remain the same as mentioned in the articles

20. The transport phenomena in all channels and all cells are the same and scalable

21. Acetic acid will only leave the CO electrolyzer in deprotonated form

Units

xv
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22. All the units function identically on a large scale as indicated in the referenced articles

23. All the components not mentioned in the reference articles pass through the membranes unaf-
fected.

24. The pressure after a membrane separation unit is 1 bar

25. Pump efficiency is obtained from ASPEN PLUS V12 and is 86%

26. Pumps have an open, drip-proof type of enclosure

27. Flash drums have an average residence time of 5 seconds

28. COS to H2S reactor is an autoclave

29. The average residence time in the COS to H2S reactor is 1 minute

30. Ions are perfectly removed before liquid products separation for modelling purposes, but this
does not influence the separation

31. In pervaporation units, 98% of the diffusing compounds pass through the membrane

32. All gas impurities leave the PSA unit in the product stream

33. Heat exchangers are floating head heat exchangers

34. All units are made from stainless steel 304

Techno-economic and energy analysis

35. Prices for utility streams and CO2 emission data from ASPEN PLUS V12 is used

36. CO2 emission in ASPEN PLUS V12 used for heating is based on natural gas as energy source

37. The maintenance costs for each unit are assumed to be 2.5% of the CapEx of the unit

38. The f.o.b. purchase price for all PSA units are based on the price of a H2 PSA unit

39. Flash drums are pressure vessels

40. Flash drums have a height 4 times its diameter with a cylindrical shape



1
Introduction

Since the start of the industrial revolution, the concentration of CO2 and other greenhouse gasses in the
atmosphere has increased[1]. The rise of CO2 in the atmosphere is causing global climate change with
more extreme weather conditions, rising sea levels, and fewer ice caps at the poles, consequently[2–4].
International treaties, such as the Paris Agreement, have led to deals to reduce or completely stop the
emission of CO2 to mitigate the impacts of climate change[5]. Transitioning the world into a low-carbon
economy, where resources are used efficiently, is the main target to fulfil the objectives agreed upon
in climate treaties.

One of the largest contributor to CO2 emissions is the chemical industry. Two proposed routes
to reduce the emission of CO2 in this sector is to shift from fossil fuel based processes to electrified
processes or to capture the emitted CO2 to decrease the emission into the atmosphere. Capturing CO2
from industrial point sources is an established technology where CO2 can either be used directly or as
a feedstock for other chemical processes. Some applications for direct use of CO2 on a large scale are
enhanced gas or oil recovery and enhanced geothermal systems, but CO2 can also be used directly for
small-scale applications, such as in the beverage industry or fire extinguishers[6, 7]. Other technologies
where CO2 is converted to value added chemicals include homogeneous, heterogeneous, photochem-
ical, electrochemical, catalytic, and biochemical conversion[8–15]. These indirect methods have the
potential to close the carbon cycles, which is considered the core strategy, and generate a circular
carbon economy where fossil resources are superfluous. Before these technologies can be deployed
on an industrial scale, they have to be able to produce chemicals and fuels more sustainably in terms
of environmental requirements, economic requirements, market size, and social perspective[16, 17].

The previously mentioned conversion technologies are not as elaborated as equivalent fossil-based
techniques and are still at a low technology readiness level (TRL). The commercial viability of these
techniques is low, due to high investment costs and the absence of an all-considering CO2 emission
tax which promotes the research towards these techniques[18]. Using CO2 as a feedstock is an oppor-
tunity to have an inexpensive or negatively priced carbon source but requires a considerable energy
input to reduce to a more valuable compound. The availability of a low-cost energy source that is
also renewable is essential for this route to become economically feasible as well as carbon-negative.
Nowadays, the cost of renewable electrical energy is competitive with the cost of electricity generated
by coal[19]. A downside of renewable energy is that the surplus of energy fluctuates more than energy
generated by fossil fuels which can influence the processes.

One technique that has drawn a large deal of attraction from the industry and the research world
is the electrochemical reduction method to reduce CO2 into higher-value compounds. Since renewable
energy sources mainly produce electricity as a source of energy, this technique has great potential
and it is carried out at room temperature and atmospheric pressure. Together with the fluctuation of
surplus in electrical energy, electrochemical CO2 reduction can store the excess energy which can be
used later. Additionally, electrochemical CO2 reduction can reduce the net carbon footprint of chemical
production, as the CO2 used in the process is captured from the atmosphere or industrial processes.
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It has the potential to transform the industry and create new economic opportunities by generating
value from a product that is now considered a waste product.

This method has achieved large development in the past years and there are even small pilot plants
built[20]. In order for the electrochemical reduction of CO2 to become feasible on a large, industrial
scale, a number of challenges must be addressed. One such challenge is ensuring that the streams
entering the electrolyzer have a high concentration of CO2 and are free from harmful contaminants,
including H2S, SO2, NO2, and heavy metals, to maintain the performance and prevent deactivation
of the catalyst[21, 22]. The feed streams consist of a flue gas stream and a liquid stream of water
that need to be purified to ultrapure water. Various techniques for separation are used to achieve
the required level of purity and eliminate undesired substances to an acceptable concentration. The
allowable concentration of unwanted compounds in the feed stream is dependent on the influence
these compounds have on the catalyst performance and deactivation. CO2 is converted in two steps.
First, CO2 is converted in CO and in the second step CO is converted in C2+ products. In both steps,
the electrolyzers operate at atmospheric pressure and temperature. The streams leaving the the elec-
trolyzers consist of both unreacted CO2 or CO and the desired products. The unreacted CO2 or CO is
removed to be recycled and the electrolyte is reused to reduce cost and increase the liquid products
concentration. The products are separated and purified to the industrial-required specifications using
well-established separation methods.

The purpose of this thesis is to design an industrial-scaled electrochemical CO2 reduction process
and finding the answers to the research questions stated below.

1. What pre-treatment and post-treatment steps are required for the gas and liquid phases for the
continuous operation of a large-scale, low-temperature electrochemical CO2 reduction process?

2. Design an integrated large-scale electrochemical CO2 reduction process to maximise the produc-
tion of C2+ products.

3. What are the bottlenecks in scaling-up an electrochemical CO2 reduction process from a techno-
economic and energy point of view?

In Chapter 2, the theory that is needed to understand this thesis is explained. This is followed by the
Basis of Design (Chapter 3) where the battery limit, feed streams composition, and the requirements
and specifications of the process are stated. In Chapter 4, the process is modelled and design specifi-
cations are described. In Chapter 5, the stream results from the liquid and gas purification section are
discussed and a techno-economical and energy analysis on the process is performed. In the last two
chapters the conclusions and recommendations of the thesis are given.



2
Theory

In this chapter, the theory of the design of the process and the processes that are taking place are
explained.

2.1. Electrochemistry
Electrochemistry is the use of electricity as a driving force to proceed a chemical reaction by transferring
electrons. It encompasses the study of the behavior of electrons in chemical reactions, as well as
the design and development of devices that use or produce electricity through chemical reactions.
The chemical reaction in electrochemistry, which is called an oxidation-reduction (redox) reaction, is
a combination of two half reactions. During these reactions, the oxidation states of the compounds
change with the addition or loss of an electron. These half reactions occur at the anode and the cathode,
which are called the electrodes.The oxidation reaction takes place at the anode and the reduction
reaction takes place at the cathode. The electrons are transferred from the anode to the cathode
by an electron-conducting medium between the two electrodes. The electrodes are separated by an
ion conducting and a non electron-conducting electrolyte that exchanges ions, and an ion exchange
membrane. This is to avert the reduced products from oxidizing again. Membranes used typically are
anion exchange membrane (AEM), cation exchange membrane (CEM), or bipolar membrane (BPM)
depending on the formed products and pH[23].

2.1.1. Electrolyzer
An electrolyzer is a device that uses electrical energy to drive a chemical reaction that would otherwise
be non-spontaneous. This is the opposite of a galvanic cell where an electric current is produced by
a spontaneous redox reaction. The Gibbs free energy of the CO2RR in an electrolyzer is positive, so
an additional electrical energy input is required for the reaction to occur. The basic components of an
electrolyzer include an anode and a cathode, which are separated by an electrolyte, and an external
circuit that supplies the electrical energy. The cell design and type of cell have a large influence on
the Faradaic efficiency, current density, and stability. There are two types of electrolyzers that are
commonly used: h-cell and flow cell[24, 25]. Another type of electrolyzer that has drawn attention
recently are membrane electrode assembly (MEA) cells[26].

H-type cells are the most used and well-known cells in lab-scale reactors for the CO2RR, because of
their low cost, simple usage, and easy product separation. The reactor owes its name to the shape of
the reactor as is observable in Figure 2.1. In an H-cell, there are two compartments that are connected
by an ion exchange membrane. One chamber is the cathodic chamber, where the CO2 is reduced. The
other chamber is the anodic chamber, where the counter reaction takes place. The downside of this
reactor is the low solubility of CO2, which is caused by mass transfer limitations leading to performance
insufficient for industrial application[27].
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Figure 2.1: Schematic image of a H-type electrochemical cell[23]

Flow cells have drawn a lot of attention due to their efficient mass transfer efficiency and high
possible current densities[27]. The reason is that the flow cell can continuously circulate reactants and
products, so a higher CO2 concentration is achieved at the electrode surface. Next to the increased
mass transfer efficiency, the flow cell can also performs CO2RR in the gas phase which deals with the
low solubility of CO2 in water. There are three different kinds of flow-cell type electrolyzers; poly-
mer electrolyte membrane (PEM) flow cells, microfluidic flow cells (MFC), solid-oxide electrolysis cells
(SOEC).

PEM flow cells resemble proton exchange membrane fuel cells (PEMFC) and are the most exten-
sively studied type of flow cell[23, 28–30]. The configuration of a PEM flow cell is also almost the
same as a PEMFC and consists of a cathode and anode current collector, a flow plate, and a membrane
electrode assembly (MEA) as shown in Figure 2.2a. The MEA is a composition of the PEM, cathode gas
diffusion electrode (GDE), and anode GDE. A GDE is an electrode with a gas, liquid, and solid interface
and a catalyst where the reaction between the liquid and gas phase occurs. The GDE is typically made
of carbon fiber and a microporous layer (MPL) with the coated catalyst[31].

Microfluid flow cells are used to research the catalyst performance on CO2RR. They consist of a
cathode gas channel, a cathode current collector, a cathode GDE, an electrolyte channel, an anode
GDE, an anode current collector, and an anode gas channel as shown seen in Figure 2.2c. The reason
why MFC is used to research different catalysts is that conditions, such as pH and composition, are
easily adaptable.

Besides the previously discussed flow type cells, the solid-oxide electrolysis cell (SOEC) operates at
higher temperatures to improve the kinetics of the reaction[23]. the SOEC is usually made of three
components; solid electrolyte, anode, and cathode. The solid electrolyte is used for ionic transport and
is an oxygen ionic conductor or protonic conductor. The product range of this type of flow cell is quite
small and mostly CO is formed because of the high temperatures[32].

Another type of electrolyzer is a MEA-cell electrolyzer. The benefit of these types of cells are that
they have shown excellent stability for thousands of hours and demonstrated promising activity and
selectivity towards electrochemical CO2 reduction products. In a MEA-cell, the electrodes are only
separated by an ion exchange membrane and the electrolyzer operate as solid electrolyte as can be
seen in Figure 2.2d, whereas in flow cells the electrodes are also separated by electrolyte. This increases
the energy efficiency and reduces the resistance because the gap between the electrodes is reduced
to only the thickness of the membrane.[26]
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(a) Schematic image of a polymer electrolyte membrane electro-
chemical flow cell[33] (b) Schematic image of a solid-oxide electrochemical flow cell[34]

(c) Schematic image of a microfluidic electrochemical flow cell[35] (d) Schematic image of a membrane electrode assembly[26]

Important performance indicators for an electrolyzer are current density, overpotential, faradaic
efficiency, energy efficiency, and stability. Some of these parameters are used in the Tafel equation
that relates the reaction rate to the required overpotential which is shown in Equation 2.2.

Tafel Equation

The Tafel equation is a fundamental relationship in electrochemistry that describes the relationship
between the current density and the overpotential of an electrode[36]. It is derived from the Butler-
Volmer equation, which describes the current density at an electrode as a function of the electrode
potential as shown in Equation 2.1. The Butler-Volmer equation is a more general equation that de-
scribes the current density at an electrode in the presence of a concentration gradient of the reactant
and product species.

𝑖 = 𝑖0 {𝑒𝑥𝑝 [
𝛼𝑎𝑛𝑜𝑑𝑒𝑧𝐹
𝑅𝑇 (𝐸 − 𝐸𝑒𝑞)] − 𝑒𝑥𝑝 [−

𝛼𝑐𝑎𝑡ℎ𝑜𝑑𝑒𝑧𝐹
𝑅𝑇 (𝐸 − 𝐸𝑒𝑞)]} (2.1)

With 𝑖 the current density in 𝐴 𝑚−2, 𝑖0 the exchange current density in 𝐴 𝑚−2, 𝛼 the charge transfer
coefficient, 𝑧 the number of electrons involved, 𝐹 the Faraday constant of 96,485.332 𝑆 𝐴 𝑚𝑜𝑙−1[37]
, 𝑅 the universal gas constant, 𝑇 the temperature in 𝐾, 𝐸 the electrode potential in 𝑉 and 𝐸𝑒𝑞 the
equilibrium potential in 𝑉. The Tafel equation is obtained by assuming that the concentration of the
reactant and product species is constant at the electrode surface and that the rate of charge transfer
is controlled by the overpotential[38]. With these assumptions and rewriting the equation, the Tafel
equation for a single electrode is obtained and it is shown in Equation 2.2.

𝜂 = 𝑎 + 𝑏 ∗ 𝑙𝑜𝑔(𝑖) = 2.303𝑅𝑇𝛼𝐹 𝑙𝑜𝑔 (
𝑖
𝑖0
) (2.2)

Where 𝑅 is the universal gas constant of 8.31446 𝐽 𝐾−1 𝑚𝑜𝑙−1[39], 𝑇 is the temperature in 𝐾, 𝛼 is
the charge transfer coefficient, 𝐹 is the Faraday constant of 96,485.332 𝑆 𝐴 𝑚𝑜𝑙−1[37], 𝑖 is the current
density in 𝐴 𝑚−2 and 𝑖0 is the exchange current density in 𝐴 𝑚−2. Plotting this equation gives a Tafel
plot. The exchange current density is obtained by calculating the intersect of the plot. The exchange
current density is a value that indicates the catalytic activity and the kinetics of the reaction[40]. Using
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the slope of the plot, the charge transfer coefficient is obtained which has a value between 0 and 1. A
rapid change in the slope can indicate a changing reaction mechanism. This is why the Tafel equation is
useful by getting to know the rate determining step and elementary steps. The Tafel equation however
gets less reliable at higher overpotentials, which makes it harder to use this equation for products,
such as ethylene and methane, that use a high overpotential.

Current Density

Current density (CD) is a measure of the flow of electric charge per unit area in a conductor. It is defined
as the current (𝐼) flowing through a conductor divided by the cross-sectional area (𝐴) of the conductor
with units amperes per square meter (𝐴 𝑚−2) or milli amperes per square centimeter (𝑚𝐴 𝑐𝑚−2). The
CD indicates the reaction rate of all products or a certain product depending on if the current density
or partial current density is used. This is because the extent of the reaction is proportional to the
number of electrons transferred, which means that the reactants are consumed faster if more current
is applied. The rate of the reactions is related by the Tafel equation as shown in the previous equation,
which describes the relationship between the current density and the overpotential of the electrode.

Overpotential

Overpotential is a measure of the difference between the electrode potential and the equilibrium po-
tential of an electrode in an electrochemical system. It is defined as the difference between the
potential required to drive a specific electrochemical reaction and the thermodynamic potential of that
reaction[41]. Overpotential is caused by a lot of factors but is classified into two groups; activation
overpotential and concentration overpotential[42]. The first category is the activation polarization re-
quired to overcome the activation energy barrier for a reaction to occur at the surface of the electrodes
and membrane[43]. The second category is the mass transfer limitation of the reactants.

Faradaic Efficiency

Another important parameter is the faradaic efficiency (FE). Faradaic efficiency is a measure of the
efficiency of an electrochemical reaction in which electrons are exchanged between a substance and
an electrode. It is used to determine the selectivity and the efficiency of a given electrochemical
reaction, such as the oxidation or reduction of a substance at an electrode. It is defined as the ratio of
the number of electrons exchanged in the desired reaction to the total number of electrons exchanged
in all reactions occurring at the electrode. This efficiency is calculated using Equation 2.3[42, 44].

𝐹𝐸 = 𝑚𝑛𝐹
𝑞 ∗ 100% (2.3)

Where 𝐹𝐸 is the faradaic efficiency in %, 𝑚 is the number of moles of the product, 𝑛 is the number
of electrons transferred per mole product, 𝐹 is the Faraday constant of 96,485.332 𝐴 𝑠 𝑚𝑜𝑙−1[37], and
𝑞 is the total applied charge in 𝐴 𝑠. The faradaic efficiency says something about the selectivity towards
a particular product. It is desirable to have a high faradaic efficieny towards the desired products to
decrease the cost of product separation and lower the total energy required for the process.[45]

Energy Efficiency

The energy efficiency is a combination of the faradaic efficiency, overpotential, and other energy losses
and is determined for individual species or the entire cell. It represents how much of the applied
electrical energy is stored in newly formed chemical bonds. Using Equation 2.4 the energy efficiency
is calculated[42].

𝐸𝐸 = 𝐸0
𝐸0 + 𝜂 + 𝑖𝑅𝑆

∗ 𝐹𝐸 (2.4)

Where 𝐸𝐸 is the energy efficiency in %, 𝐸0 is the thermodynamic reaction voltage in 𝑉, 𝜂 is the
overpotential in 𝑉, and 𝑖𝑅𝑆 is the ohmic loss in the cell in 𝑉. The energy efficiency determines how
much energy an electrolyzer uses and thus is a large contributor to the operational cost. A high energy
and faradaic efficiency is needed for an economically feasible electrolyzer and process[46].
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Stability

Next to improving the performance of the electrolyzer, the stability of the electrolyzer is also important.
A reliable and durable electrolyzer is necessary for an economically feasible industrially scaled process.
The stability is tested by applying a constant current and measuring the change in potential. If the
electrolyzer is stable, the potential is constant for more than thousand hours[47].

2.1.2. Chemical Reactions
An electrolyzer is connected to an electrical energy source and the electrons are transported by the
electrodes. CO2 and CO are reduced at the cathode where it forms different compounds depending
on the conditions and used catalyst. All the possible reactions for the reduction of CO2 and CO that
can occur at the cathode are shown in Equations 2.5 to 2.13 and 2.14 to 2.18[48]. What reactions
take place at the cathode is dependent on the used catalyst and Section 2.2.3 it is elaborated which
reactions take place with different types of catalysts. CO and CO2 can also react with H+ instead of
H2O, but the local pH near the catalyst is commonly basic, so only the alkaline reactions will take place.

𝐶𝑂2 + 2𝐻2𝑂 + 2𝑒− ⟶𝐻𝐶𝑂𝑂𝐻 + 2𝑂𝐻− (2.5)
𝐶𝑂2 + 2𝐻2𝑂 + 2𝑒− ⟶ 𝐶𝑂 + 2𝑂𝐻− (2.6)
𝐶𝑂2 + 2𝐻2𝑂 + 4𝑒− ⟶ 𝐶 + 4𝑂𝐻− (2.7)
𝐶𝑂2 + 3𝐻2𝑂 + 4𝑒− ⟶𝐻𝐶𝐻𝑂 + 4𝑂𝐻− (2.8)
𝐶𝑂2 + 5𝐻2𝑂 + 6𝑒− ⟶ 𝐶𝐻3𝑂𝐻 + 6𝑂𝐻− (2.9)
𝐶𝑂2 + 6𝐻2𝑂 + 8𝑒− ⟶ 𝐶𝐻4 + 8𝑂𝐻− (2.10)

2𝐶𝑂2 + 2𝑒− ⟶ 𝐶2𝑂2−4 (2.11)
2𝐶𝑂2 + 8𝐻2𝑂 + 12𝑒− ⟶ 𝐶2𝐻4 + 12𝑂𝐻− (2.12)
2𝐶𝑂2 + 9𝐻2𝑂 + 12𝑒− ⟶ 𝐶2𝐻5𝑂𝐻 + 12𝑂𝐻− (2.13)

2𝐶𝑂 + 6𝐻2𝑂 + 8𝑒− ⟶ 𝐶2𝐻4 + 8𝑂𝐻− (2.14)
𝐶𝑂 + 5𝐻2𝑂 + 4𝑒− ⟶ 𝐶𝐻4 + 6𝑂𝐻− (2.15)

3𝐶𝑂 + 10𝐻2𝑂 + 12𝑒− ⟶ 𝐶3𝐻7𝑂𝐻 + 12𝑂𝐻− (2.16)
2𝐶𝑂 + 7𝐻2𝑂 + 4𝑒− ⟶ 𝐶2𝐻5𝑂𝐻 + 8𝑂𝐻− (2.17)

2𝐶𝑂 + +4𝐻2𝑂 + 4𝑒− ⟶ 𝐶𝐻3𝐶𝑂𝑂𝐻 + 4𝑂𝐻− (2.18)

Next to the conversion of CO2, H2O also reacts at the cathode. This side reaction is unavoidable
and hydrogen is also formed as a product in an electrolyzer. The half reaction of water at the cathode
is given in the equation below.

2𝐻2𝑂 + 2𝑒− ⟶𝐻2 + 2𝑂𝐻− (2.19)

At the anode, the counter half reaction occurs which is the oxidation of water[49]. The reaction
equations for the oxidation of water is given in Equation 2.20[50, 51].

4𝑂𝐻− ⟶𝑂2 + 2𝐻2𝑂 + 4𝑒− (2.20)

2.2. Electrolyzers
Electrochemical CO2 reduction systems are a promising technology for the utilization of CO2, but several
challenges must be overcome to scale up these systems for industrial applications. These challenges
exist in the devices and catalyst used and the process itself.
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2.2.1. Scale-up Challenges
The main challenges that lie in the electrolyzer include low current density and pH gradient. In aque-
ous electrolytes, the solubility of CO2 is only 34 mM, which limits the conversion, current density,
and energy efficiency[52]. Therewith, the transfer rate of CO2 from the bulk phase to the surface of
the electrode is limited at high current densities in an H-type cell and dissolved CO2 can react with
OH− to form CO32− in alkaline electrolytes[23, 49]. Alongside the need for a high current density
(higher than 200 𝑚𝐴 𝑐𝑚−2), the electrolyzer also needs to be stable at high current densities for a
long period of time (more than 20,000 hours)[42]. Although an H-type cell is typically used because
of its simplicity as described in Section 2.1.1, the stability of these types of electrolyzers is not rea-
sonable at high current densities. This makes a H-cell type electrolyzer not suitable for a large-scale
industrial process and a continuous flow cell is preferred since it is more stable at high current densities.

To avert reoxidation of the formed products and make the separation of the products less com-
plicated by avoiding the mixing of gaseous products, an ion exchange membrane is used. Using a
membrane will cause a pH gradient in the membrane due to internal mass transfer which increases
the resistance and will lower the energy efficiency and damage the process. To cope with this problem
a strong acidic or basic environment is needed because then the charge is carried entirely by H+ or
OH− which has a high concentration in a acidic or basic environment. However, at a high or low pH
another problem arises, because catalysts perform optimally in a neutral to slightly basic environment
and these conditions lead to a potential loss[53]. Next to a pH gradient, the optimal pH for the CO2RR
is different than the oxidation of water or OOR and by using a CEM or AEM it is hard to have the optimal
pH at both the anode and cathode. The pH at which the electrolyzer operates also affects the catalyst
performance. This can cause a different and more expensive catalyst to be needed, so a compromise
needs to be made to determine the optimal pH.

2.2.2. Process
As mentioned previously, CO2 has a low solubility in aqueous electrolytes and a low conversion of only
30% as shown by L.C. Weng et al.[49]. The unreacted CO2 leaves the electrolyzer in the gas stream
with the gaseous products. A lot of CO2 needs to be separated to obtain these products and recycle the
unreacted CO2 which increases separation costs. The large CO2 recycle also causes an increase in the
size and cost of the electrolyzer and gas separation units. Next to the gaseous phase, the formed liquid
products are mixed with the electrolyte used in the electrolyzer. Normally, the single-pass amount of
liquid product formed is small compared to the amount of electrolyte. Separating products with low
concentrations is quite energy intensive and expensive. Recycling the electrolyte until a significant
concentration of products is reached can reduce the cost and amount of energy required to separate
the products. Nonetheless, if the concentration of the products is too high, the performance of the
electrolyzer can decrease[54].

The majority of the operating expenses (OpEx) are the cost of electricity, so a cheap electricity
source is required for an economically feasible process[42, 55]. M. Rumayor et al. determined the
contribution of electricity to the OpEx in an electrochemical CO2 reduction to formic acid process[56].
Two scenarios, E𝑚𝑖𝑛−21 and E𝑚𝑖𝑛−82, were considered, and in both scenarios, it was assumed that there
was not an overvoltage loss. In the E𝑚𝑖𝑛−21 and E𝑚𝑖𝑛−82 scenario, the weight percentage of formic acid
concentration in the product stream was 21 wt% and 81 wt%, respectively. In the E𝑚𝑖𝑛−21 scenario,
they found that the variable cost is €0.26 per kg formic acid from which electricity was €0.15 per kg
formic acid[56]. Even though they assumed a perfect electrical energy consumption, the electricity
takes up 57.7% of the OpEx. Beside the techno-economic analysis for the production of formic acid,
M. Jouny et al. performed a techno-economic analysis for n-propanol, formic acid, carbon monoxide,
ethanol, ethylene, and methanol. Also in this research, the electricity cost was always in the top three
of the biggest contributor to the OpEx. The high electricity cost is also caused by the high overpotential
that is required to reduce CO2 into energy-rich C2+ compounds[57, 58]. Next to a high overpotential,
a large variety of compounds are formed which increases the cost of separation. This makes it hard to
design a large-scale process that is economically feasible. A solution to tackle this problem is to use
a two-step process where CO2 is reduced to CO followed by the reduction of CO to C2+ compounds[59].

Another challenge in designing an economically feasible process is that the various components
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and parameters are examined separately, but the different factors affect each other. This requires the
development of a large-scale process that includes all aspects of small-scale systems.

2.2.3. Catalyst
Catalysts lose their catalytic activity over time, but the time scale in which catalysts deactivate is differ-
ent. This is highly dependent on the process design, the contamination the catalysts are exposed to,
and the intermediate compounds[46]. Catalysts are deactivated by poisoning, fouling, vapor compound
formation, vapor-solid and/or solid/solid reactions, thermal degradation, and crushing/attrition[60].
Since the feed streams not only contain CO2 and ultrapure water, but also other compounds that can
damage the catalyst, it is vital to remove these compounds. It is, next to nearly impossible, also very
expensive to remove all impurities, so a compromise needs to be made for an acceptable deactivation
rate.

The feedstocks of this process are the exhaust gasses from the industry and surface water from a
nearby river or harbour or wastewater streams from the industry. The compounds that are present in
these feed streams that deactivate the catalysts are Zn2+, Fe2+, Pb2+, SO2, NO2, COS, and H2S[46, 61–
68]. The metal ions poison the catalysts because the metal ions are reduced and deposited on the
surface of the catalyst which deteriorates the catalytic activity. The sulfur and nitrogen compounds
have a corrosive effect on the catalysts by reacting with the silver and copper catalysts[65–67]. All
necessary information information including technical and health & safety data of the substances that
are present in the gaseous and liquid feed streams and the product streams are stated in Table F.1.

The reactants are converted using a catalyst. The metallic elements Cu, Au, In, Sn, Pb, Zn, Ag,
Hg, Pd, Bi and some carbon-based materials have shown catalytic activity to reduce CO2[69–77].
Nonetheless, the products and composition of products formed are dependent on the catalyst used.
The catalysts can be classified into three classes based on the formed products and the composition
of the products. The first class of catalysts is compounds such as Sn, Pb and In that produce formate
or formic acid as major product[70, 78, 79]. The second class is metals like Au, Ag, and Zn which
produce CO as their main product[78, 79]. The third class consists of only one metal. Cu is the only
metal that can reduce CO2 or CO into hydrocarbons (C2+) and oxygenates using electrochemistry with
a high Faradaic efficiency[78–80].

2.3. Separation Methods
As mentioned in the previous section, impurities in the feed streams can poison the catalyst and damage
the electrolyzer. These impurities need to be removed from the streams by using different separation
methods. Next to the purification of the feed stream, the formed products need to be separated and
purified to the required purity. Chemical separation methods are a set of techniques used to separate
and purify chemicals and chemical compounds.

2.3.1. Gas Feed Stream
Before the gas feed stream can enter the electrolyzer, SO2, NO2, COS, and H2S need to be removed
as explained in Section 2.2.3. In this section techniques to remove these compounds are elaborated.

NO and NO2

Reducing the NO and NO2 concentration in the flue gas stream can be achieved by reducing NO𝑥 to
N2. This reaction can be carried out with or without the presence of a metal oxide based catalyst[81].
Ammonia is used as reducing agent and reacts with NO𝑥 as shown in Equations 2.21 and 2.22.

4𝑁𝑂 + 4𝑁𝐻3 + 𝑂2 ⟶ 4𝑁2 + 6𝐻2𝑂 (2.21)
6𝑁𝑂2 + 8𝑁𝐻3 ⟶ 7𝑁2 + 12𝐻2𝑂 (2.22)
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SO2

As can be seen in Table 3.2, SO2 has the highest molar fraction of the impurities that need to be
removed. SO2 is removed by using an absorbent that absorbs and captures SO2. There are two types
of desulphurization systems for the removal of this gas. The first is a once-through system where
the absorbent containing SO2 is considered a waste product and is discharged. In the other type of
process, the absorbed SO2 is processed further into different forms of sulphur, but this type of process
is very cost intensive[82]. Some once-through technologies that are already proven on industrial scale
are wet scrubbing, spray dry scrubbing, and sorbent injection. In a wet scrubber, the gas stream is
run through a liquid which contains an absorbent to remove the impurities. The most used absorbent
in wet scrubbing for the removal of SO2 is limestone (CaCO3)[83, 84]. SO2 reacts with limestone in
a chemical reaction to form CO2 and CaSO3 as shown in Equation 2.23. The sulphur is captured in
the solid limestone and cannot leave the system. The other industrially proven system are spray dry
scrubbing and sorbent injection and both these methods use a solid absorbent to capture SO2[83].

𝐶𝑎𝐶𝑂3 + 𝑆𝑂2 ⟶ 𝐶𝑎𝑆𝑂3 + 𝐶𝑂2 (2.23)

COS

COS can be removed using separation methods, but the proven systems, such as acid gas removal
systems, do not have a high efficiency. Another way to remove COS from a gas stream is to convert
it to H2S. Since H2S is already present in the stream and also needs to be removed, this is a useful
method to remove COS. Converting COS to H2S can be done by hydrogenation or hydrolysis as shown
in Equations 2.24 and 2.25 using a metal oxide catalyst[85].

𝐶𝑂𝑆 + 4𝐻2 ⟶𝐻2𝑆 + 𝐶𝐻4 + 𝐻2𝑂 (2.24)
𝐶𝑂𝑆 + 𝐻2𝑂 ⟶ 𝐻2𝑆 + 𝐶𝑂2 (2.25)

H2S

The most used technique to remove hydrogen sulphide or acid gas (mixture of H2S and CO2) is absorp-
tion using a solvent, but this techniques has some drawbacks[86]. Most solvents are corrosive on the
equipment or foaming of the solvent occurs and some of the CO2 is removed as well. Another method
is caustic washing where SO2 reacts with NaOH in two reaction steps to form Na2S and H2O as shown
in Equations 2.26 and 2.27[86, 87]. The downside of this method is that CO2 also reacts with NaOH
to form Na2CO3 and H2O when present in high concentrations as shown in Equation 2.28[87]. Using
an amine-based solvent prevents the reaction with CO2 and increases the selectivity to the adsorption
of H2S.

𝐻2𝑆 + 𝑁𝑎𝑂𝐻 ⟶ 𝑁𝑎𝐻𝑆 + 𝐻2𝑂 (2.26)
𝑁𝑎𝐻𝑆 + 𝑁𝑎𝑂𝐻 ⟶ 𝑁𝑎2𝑆 + 𝐻2𝑂 (2.27)

𝐶𝑂2 + 2𝑁𝑎𝑂𝐻 ⟶ 𝑁𝑎2𝐶𝑂3 + 𝐻2𝑂 (2.28)

2.3.2. Liquid Feed Stream
As mentioned previously, electrolyzers use electrolyte to conduct electrical charge from the electrodes.
Electrolyte is made from water with the addition of ions, so the solution can conduct charge through
the movement of the ions. Not every water feed can be directly used to prepare an electrolyte. There
are four types of water purity’s with each having different purposes. The purity of water is determined
by the resistivity and the concentration of some compounds. The four types include feed water or
raw water, primary grade water (type 3), general laboratory grade water (type 2), and ultrapure water
(type 1). The water required to make a electrolyte is type 1 water and the requirements for water to
be called ultrapure water are listed in Table 2.1. To go from industrial wastewater or surface or river
water to ultrapure water, multiple cleaning technologies are needed. To produce 1 𝑚3 of ultrapure
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water, about 1.5 𝑚3 of surface water is required[88]. This is due to water losses in purification steps.
The production of ultrapure water consists of three stages. The first stage is the pretreatment part to
remove solid particles, organics, and microorganisms. This is done by ultrafiltration and UV treatment.
This is followed by a make-up stage to remove salts and dissolved gasses with reversed osmosis, gas
filter, and softener. At last, the polishing stage raises the water quality to the required specification
using electrodeionisation[89]. The requirements for the water purity and purification steps are based
on the purification of electrolytes for water electrolysis which uses ultrapure water for electrolytes.

Table 2.1: Requirements for ultrapure water (type 1) at 25°C[90]

Parameter Value
Resistivity 18.2 𝑀Ω 𝑐𝑚
Particles:

>0.05 𝜇𝑚 <200 𝑐𝑜𝑢𝑛𝑡 𝐿−1
>0.1 𝜇𝑚 <50 𝑐𝑜𝑢𝑛𝑡 𝐿−1
>0.2 𝜇𝑚 <20 𝑐𝑜𝑢𝑛𝑡 𝐿−1
>0.5 𝜇𝑚 <1 𝑐𝑜𝑢𝑛𝑡 𝐿−1

Bacteria <1 cfu/100 𝑚𝐿
Total organic carbon (TOC) <1 𝜇𝑔 𝐿−1
Dissolved oxygen ≤10 𝜇𝑔 𝐿−1
Calcium <2 𝜇𝑔 𝐿−1
Cations (each) <0.01 𝜇𝑔 𝐿−1
Boron <0.05 𝜇𝑔 𝐿−1
Chloride <0.1 𝜇𝑔 𝐿−1
Ammonium 0.05 𝜇𝑔 𝐿−1
Anions (each) <0.05 𝜇𝑔 𝐿−1
Silica (dissolved) 0.5 𝜇𝑔 𝐿−1
Silica (total) 0.5 𝜇𝑔 𝐿−1

Ultrafiltration

Ultrafiltration (UF) is a separation process that uses a semipermeable membrane to separate immersed
particles and macromolecules in the range of 1 𝑛𝑚 to 0.1 𝜇𝑚 from a liquid based on their sizes[91].
The membrane allows small molecules, such as water and dissolved ions, to pass through, while larger
molecules and particles are retained[92]. The membrane permeability is measured by the molecular
weight cut off and it is the lowest molecular weight that is retained for 90% by the membrane. For the
UF membrane, the molecular weight cut-off is between 1,000 and 1,000,000 𝐷𝑎[93, 94].

UV Treatment

UV treatment is a method for disinfecting water, air, and surfaces by exposing them to ultraviolet (UV)
radiation. UV radiation is a type of electromagnetic radiation with a wavelength range of 100-400
nanometers. When microorganisms such as bacteria, viruses, and fungi are exposed to UV radiation,
the energy from the UV light damages their DNA and RNA, preventing them from reproducing and
killing them[95, 96]. UV light with a wavelength of 265 𝑛𝑚 has the highest efficiency towards killing
microorganisms[97]. The benefit of this method to kill bacteria, viruses, and fungi is that it is a
chemical-free technique that does not produce harmful by-products.

Active Carbon Filter

Active carbon filters are used to remove a wide range of contaminants such as organic compounds
and ions[98]. The filter consists of a bed of activated carbon granules or pellets, which are made from
materials such as coconut shells, peat, or wood[99]. The carbon is treated with oxygen to create a
large number of tiny pores between the carbon atoms, which increases its surface area and adsorption
capacity. The impurities are adsorbed onto the surface which means that the filter has a maximum
adsorption capacity and needs to be renewed to maintain the removal efficiency.
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Softener

Water softening is a process that reduces the concentration of dissolved minerals, particularly Ca2+ and
Mg2+, in water. This is accomplished by exchanging cations that cause hard water with sodium ions
and the exchange of ions is performed using either lime softening or ion exchange resin[100]. The
exchange of Ca2+ and Mg2+ with Na+ is caused by the fact that multivalent ions bind more strongly
to the lime or resins than Na+[101]. Reducing the water hardness is necessary to reduce scaling on
membranes and pipelines.

Reverse Osmosis

Reverse osmosis (RO) is a separation method that uses a membrane to separate ions and other dis-
solved molecules, such as silica, from water. Due to the fact that ions are stopped by the membrane,
a pressure difference between the two sides of the membrane arises. This pressure difference is called
the osmotic pressure and is the minimum pressure that needs to be applied to stop fresh water from
flowing through a semipermeable membrane. When a higher pressure to the side of the membrane
with high ion concentration is applied, water molecules are forced to pass through the membrane and
leave the ions behind. This leaves an ions rich and poor stream[102, 103].

Degasser

Dissolved O2 in water causes corrosion to the electrolyzer and is removed using a degasser. The
maximum oxygen concentration in water is 40 𝑚𝑔 𝐿−1 at 25°C, but it needs to be lower than 1 ppb
to prevent corrosion[104]. Degassers are used to remove dissolved gases from liquids using physical
and/or chemical methods, such as vacuum, centrifugal, and bubble stripping. The efficacy of a degasser
depends on the concentration of dissolved gases, the temperature and pressure of the liquid, and the
flow rate of the liquid[105, 106].

Electrodeionization

Electrodeionization (EDI) uses electricity, resins, and ion exchange membranes to remove ions from
water and is used to upgrade the water after reverse osmosis to the required specifications. EDI is
a continuous process that automatically regenerates itself. Dissolved ions have a negative or positive
charge and by applying a charge the cations and anions move to the positive or negative electrode, re-
spectively. A cation exchange membrane is used near the cathode to block anions and only let cations
move to the other side. An anion exchange membrane is used near the anode, so only anions can
pass. This process, however, only works when the concentration of ions is large enough because the
electrical resistance increases with decreasing ion concentration. As a consequence, the ions move
more slowly through the water. To cope with this problem, cation and anion selective resins are added
between the ion exchange membranes and reduce the resistance as shown in Figure 2.3. The ions are
transported over the surface of the resins to the electrodes. When the ion concentration reaches a ppt
level, a potential difference arises that splits water into OH− and H+. These ions replace other ions on
the resin surface and the resins are regenerated so a continuous process is possible[107, 108].
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Figure 2.3: Schematic of the stack configuration for an electrodeionization unit[109]

2.3.3. Gas Product Stream
Next to unreacted CO or CO2 and inert compounds, also ethylene and hydrogen leave the electrolyzer
in the gas phase at the cathode side. These two compounds are separated and isolated from the gas
stream using pressure swing adsoprtion (PSA) and cryogenic distillation.

Pressure Swing Adsorption

Pressure swing adsorption (PSA) is separation technique that is already used in the industry for gas
separation and purification. The separation is based on the difference in adsorption of gases on a solid
adsorbent at different pressures, allowing for the separation of gases in a mixture. The advantage of
this separation technique compared to other techniques include less energy consumption, simplicity,
and high purity of the separated gas[110]. PSA, however, also has some downsides, such as frequent
absorbent regeneration, adsorbent degradation, and the high cost of the adsorbent material[111].

The efficiency of PSA depends on the used adsorbent and the target gas that needs to be removed.
Various types of adsorbents can be used in PSA, such as zeolites, activated carbon, molecular sieves,
and metal-organic frameworks (MOFs)[112]. The effectiveness of PSA also depends on the operating
parameters, such as pressure, temperature, and flow rate[113].

Cryogenic Distillation

Cryogenic distillation is a separation technique that separates gaseous compounds based on the differ-
ences in their boiling points at very low temperatures. The gas mixture is cooled down to a temperature
where the component with the highest boiling point condenses, and then the remaining gas mixture is
cooled further until the next component with a higher boiling point condenses. This process is repeated
until all components have been separated or the desired component can be removed from the other
compounds[114, 115]. Cryogenic distillation, just as normal distillation, uses a distillation column with
multiple stages, but also a refrigeration system to cool down the gas stream. The refrigeration system
consists of a compressor, a heat exchanger, and a cooling system that uses a cryogenic fluid such as
N2 or He[115].

2.3.4. Liquid Product Stream
In addition to the electrolyte leaving the electrolyzer, the liquid products also leave the reactor. To sepa-
rate and isolate the products, several separation techniques are used; distillation, extractive distillation,
electrodialysis, and pervaporation.

Distillation

Distillation is a separation technique that separates compounds from each other using a difference in
boiling point and thus can be separated by controlling the temperature of the mixture. When a mixture
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is heated, the components with lower boiling points will vaporize first, leaving behind the components
with higher boiling points. The separation takes place in a column that consists of several stages.
Each stage operates at a different temperature and has a different composition. At the top stage, the
compound or mixture with the lowest boiling point emerges and at the bottom stage, the compound
or mixture with the highest boiling point emerges. The vapor at the top stage is condensed, so two
liquid streams exit the distillation column.

Extractive Distillation

Extractive distillation also separates compounds from each other by the difference in the boiling point
using a column. The difference is that extractive distillation uses an entrainer. The entrainer interacts
with one of the components of the mixture by changing its boiling points to make it easier to separate
it from the other components. This separation technique is often used to separate mixtures of liquids
that are difficult to separate using traditional distillation methods, due to their close boiling points or
similar vapor pressures[116].

Electrodialysis

Electrodialysis (ED) uses, just as EDI, an applied electrical potential difference and ion-exchange mem-
branes to transport ions from one solution to the other. The difference between these two techniques
is that ED does not use selective resins. The diffused ions will either be leaving the unit with a higher
concentration or react with other ions[109].

Figure 2.4: Schematic of the stack configuration for an electrodialyzer unit[109]

Pervaporation

Some mixtures form an azeotrope and are impossible to separate from each other by simple distillation.
Pervaporation (PV) is a method where azeotropes can be separated by vaporisation using a permeable
membrane. The driving force is a pressure difference across the membrane causing the more volatile
components of the mixture to evaporate and pass through the membrane into the permeate stream.
The benefits of PV are that it has a low energy consumption and produces minimal waste because it is
often performed at low temperatures and is a chemical-free technique.

2.4. Techno-Economic Analysis
To determine if the designed electrochemical CO2 reduction process is economically feasible, a techno-
economic analysis (TEA) is performed. In this analysis, the capital cost (CapEx), operating cost (OpEx),
and revenue are estimated by combining engineering, business, and research and development. Dif-
ferent methods to effectuate a TEA are used, but for this thesis, the method described by Seider et al.
is used which is called the Lang method[117]. The advantage of this method is that it takes inflation
into account by using an index parameter and it includes all additional costs by multiplying with the
Lang factor. The indexes that are used for present-day prices are the Chemical Engineering (CE) Plant
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Cost Index, Marshall and Swift (MS) Equipment Cost Index, Nelson-Farrar (NF) Refinery Construction
Cost Index, and Engineering News-Record (ENR) Construction Cost Index depending on the industry of
the designed process. The CE and MS indexes both consider the entire plant with the cost for materials
and labor and installation of the plant. The difference between these indexes is that the NF index is only
suitable for the petroleum industry, whereas the CE index is an average of all chemical industries. The
ENR index pertains to an average of industrial construction that consists of the cost of raw materials
and labor to construct the process. The MS index pertains to the average all-industry purchase cost.
For the design of the electrochemical CO2 reduction process, the CE index is used, because units from
a variety of industries are used and it considers all costs. The CE Plant Cost Index is published every
month in the Chemical Engineering magazine with its base year in 1957-1959 (CE-index = 100). The
CE index is used to calculate the total capital investment (𝐶𝑇𝐶𝐼). This is a one-time expense for the
design, construction, and start-up of a production plant and is calculated using Equation 2.29[117].
This equation has an accuracy of ±35% of the final total capital investment. The free on board (f.o.b.)
purchase cost is the price that has to be paid before shipment of the component and to account for
the shipment cost the total price is multiplied by 1.05. The Lang factor is dependent on the type of
process and is 4.67, 5.03, and 5.93 for a solid processing plant, solid-fluid processing plant, and fluid
processing plant, respectively. The electrochemical CO2 reduction process is assumed to be a fluid
processing plant, so the process has a Lang factor of 5.93.

𝐶𝑇𝐶𝐼 = 1.05𝑓𝐿𝑇𝐶𝐼∑
𝑖
( 𝐼𝑖𝐼𝑏𝑖

)𝐶𝑃𝑖 (2.29)

With 𝑓𝐿𝑇𝐶𝐼 the Lang factor, 𝐼𝑖 the updated CE Index, 𝐼𝑏𝑖 the base CE Index, and 𝐶𝑃𝑖 the f.o.b price of
unit i.

For each unit, the f.o.b. price is calculated using a unit-specific equation with size-dependent
parameters. Next to size-dependent parameters, the f.o.b. purchase price depends on the material
used and a material factor is added. These equations are derived from the base equation 𝐶𝑃 = 𝑎𝑆𝑏
with S the size factor and a and b constants. Taking the natural logarithm from the base equation and
adding higher-order polynomial terms gives a final expression for the f.o.b. purchase cost:

𝐶𝑃 = 𝑒𝑥𝑝 (𝐴0 + 𝐴1[𝑙𝑛(𝑆)] + 𝐴2[𝑙𝑛(𝑆)]2 + 𝐴3[𝑙𝑛(𝑆)]3 + ...) (2.30)

Next to the total capital investment, the annual revenue, annual production cost, and total earnings
are other important parameters to calculate. These parameters are calculated using a cost and income
sheet. With these parameters, the return on investment (ROI) and payback time are calculated as
shown in Equation 2.31. For an investment to be interesting, the ROI needs to be higher than the
commercial interest rate. The commercial interest rate is the rate investors receive on their low-risk
investments. The payback time is the time it takes before the total capital investment is earned back.

𝑅𝑂𝐼 = 𝐴𝑛𝑛𝑢𝑎𝑙 𝑟𝑒𝑣𝑒𝑛𝑢𝑒
𝐶𝑇𝐶𝐼

∗ 100% (2.31)

The prices are calculated using the Lang method in the dollar and all prices and money flows are
calculated in the dollar.



3
Basis of Design

The process is considered to be located at an average steel producing plant in Europe with a lifetime
of 15 years[118]. This location is chosen because it uses the emissions of a steel producing plant and
the gas flow rate of the plant determines the size of the designed process. The process will operate
24 hours a day for 350 days a year. It is aimed to design an integrated large-scale electrochemical
CO2 reduction process and analyze which are the most capital- and energy-intensive units in such a
process.

3.1. Battery Limits
The Battery limits of the process include the purification of the liquid and gas feed streams, electrolyzers,
and the gas and liquid product separation units. The liquid and gas feed stream enter the battery limit
and the products and purge streams exit the battery limit. Only the products formed at the cathode
of the electrolyzers are included in the product separation and economical and energy analysis. The
storage of the products and treatment of purge and waste streams are not included in the scope this
study.

Figure 3.1: Battery limits of the project

3.2. Liquid Feed Stream
The liquid feed is water obtained from the river Rhine near Nieuwegein. The average concentrations
of compounds present in the water are shown in Table 3.1 and are the average from 2021. For the
concentrations of metal ions, only ions with an average concentration higher than 0.050 𝑚𝑔 𝐿−1 or
that have a large influence on the process are considered. The water has an average temperature of
13.3°C and a pH of 8.1

16
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Table 3.1: Average concentration of metal ions in The Rhine near Nieuwegein in 2021[68]

Compounds Symbol
Minimum
concentration
(𝑚𝑔 𝐿−1)

Average
concentration
(𝑚𝑔 𝐿−1)

Maximum
concentration
(𝑚𝑔 𝐿−1)

Average
concentration
(𝑚𝑚𝑜𝑙 𝐿−1)

Aluminium Al3+ 0.157 0.379 0.585 0.0140
Barium Ba2+ 0.0577 0.0658 0.0764 0.000479
Calcium Ca2+ 54.6 66 74 1.65
Iron Fe2+ 0.239 0.527 0.863 0.00944
Lead Pb2+ 0.000526 0.00128 0.00198 0.000000618
Magnesium Mg2+ 8.78 10.2 11.3 0.420
Sodium Na+ 25 37.3 46.2 1.622
Potassium K+ 3.21 4.09 5.48 0.105
Strontium Sr2+ 0.344 0.428 0.471 0.004885
Zinc Zn2+ 0.00456 0.00899 0.0133 0.000138
Oxygen O2 7.2 9.32 10.8 0.291
Carbon dioxide CO2 1.9 2.54 3.1 0.0577
Bicarbonate HCO−3 148 171 189 2.80
Carbonate CO2−3 1.9 2.54 3.1 0.0423
Chloride Cl− 0.00456 0.00899 0.0133 0.000138

3.3. Gas Feed Stream
The gas feed is the flue gas stream from a steel producing plant and has a temperature and pressure
of 160°C and 1 bar. The composition of this gaseous stream is listed in Table 3.2 which is based on
in-house knowledge of the flue gas composition of a typical steel producing plant in Europe. The mass
flow rate of this stream is the size-determining factor of the process and has a flow rate of 381.678
tons per hour.

Table 3.2: Composition of the gas feed stream

Component Symbol Molar fraction
Carbon dioxide CO2 0.23600
Carbon monoxide CO 0.29600
Hydrogen H2 0.06200
Oxygen O2 0.00180
Nitrogen N2 0.39700
Argon Ar 0.00620
Methane CH4 0.00024
Ethene C2H4 0.00001
Ethane C2H6 0.00001
Propane C3H8 0.00001
Butane C4H10 0.00001
Isobutane C4H10 0.00001
Hydrogensulfide H2S 0.00001
Carbonyl sulfide COS 0.00002
Sulfur dioxide SO2 0.00040
Nitrogen dioxide NO2 0.00028

3.4. Electrolyzers
Two electrolyzers are used to convert CO2 into more valuable compounds. In the first electrolyzer, CO2
is converted to CO and in the second electrolyzer, CO is converted into high-value compounds. The
requirements for the both electrolyzer are that they need a high current density and a good stability.
The first electrolyzer that converts CO2 needs a high faradaic efficiency towards CO and the second
electrolyzer needs a high faradaic efficiency towards the products described in Section 3.5.



3.5. Gas and Liquid Products 18

Several compounds that are present in the liquid and gas stream can harm the process and these
need to be removed below a certain concentration to reduce the risk of damage. Impurities that are
present in the liquid stream are removed to an acceptable level with the purification of water to ultrapure
water. The requirements for ultrapure water are shown previously in Table 2.1. The catalyst poisoning
sulphur and nitrogen compounds are removed to a concentration where the faradaic efficiency of the
electrolyzers matches that achieved when a pure stream is used. These concentrations are based on
experimental data.

3.5. Gas and Liquid Products
The products with the most interest can be divided into liquid products and gas products. The liquid
products are ethanol, n-propanol, and acetic acid. The required purity for ethanol depends on the ap-
plication ethanol will be used for. This purity ranges from 96% to 99.9%, but most suppliers mention
that high purity ethanol has a purity of 99%[119–121]. n-Propanol could be used as a solvent in the
paint and ink industry, cosmetics, and fuels. Dependent on the application a purity of 95% to 99.9%
is needed[122–124]. Large manufacturers of acetic acid produce acetic acid with a purity of 80%, so
this is the target purity for acetic acid[125–127].

The gaseous products are ethylene, hydrogen, methane, and oxygen. Ethylene is sold with two
different purities and the purities are polymer grade and chemical grade where polymer grade has
a purity of >99.9% and chemical grade >95%[128]. There are three grades of hydrogen used in
the industry with different purities and these three grades are qualified, first and excellent grade with
purities of 99.0%, 99.5%, and 99.95%, respectively[129]. Methane requires a purity between 99.5%
and 99.999% for chemical pure grade and ultrapure grade[130, 131]. Oxygen can be used for industrial
applications as well as for medical applications and requires a purity of 99% to 99.5%.[132]



4
Process Modelling and Design

In this chapter, the methodology of the design process and the designed process itself is modelled.
The model scheme of the entire process can be found in Appendix A in Figure A.1.

4.1. Liquid Feed Stream Purification
As mentioned previously, electrolyzers require electrolyte that is made from ultrapure water. The design
of the purification of the liquid feed stream is described in this section and the model scheme of this
part of the process is shown in Figure 4.1. It is assumed that after each unit, the pressure is 1 𝑏𝑎𝑟,
due to pressure drop. The separation techniques used is based on the separation techniques used in
the purification of water to ultrapure water for the electrochemical production of hydrogen.

Figure 4.1: Model scheme for the purification of the liquid feed stream

4.1.1. Ultrafiltration
The first step in the purification steps for water is ultrafiltration. Before the feed water is run through a
UF membrane, the water is pre-filtered to prevent clogging of the membrane using an automatic back-
washable filter with 100 𝜇𝑚 sieve openings[133]. The membrane used for UF is a ceramic membrane
because it is more effective, cheaper, and has a longer lifetime than polymeric membranes and it is
also already proven in the industry[134, 135]. The lifetime of these membranes is around 20 years,
so they do not need to be replaced during the lifetime of the process. The pore size of the membrane
is 0.02 𝜇𝑚 and has the lowest total operating cost when a flux of 4,074.58 𝑙 𝑚−2 𝑑𝑎𝑦−1 is used with
an applied pressure of 7 𝑏𝑎𝑟[135]. The surface area of the ceramic membrane is calculated to be
3,095.85 𝑚2 as can be seen in Appendix B.1 and has a water recovery rate of 97%[135]. It is assumed
that 99.9% of all solid particles are removed by UF[136].

4.1.2. UV Treatment
After the water is run through the UF unit, bacteria and viruses are killed by UV light. UV light with
a wavelength of 265 𝑛𝑚 is used, since this has the highest efficiency towards killing microorganisms,
with a UV dose of 40 𝑚𝐽 𝑐𝑚−2[97, 137]. Using UV light results in a decrease in the total viable count
by more than 99.9% and a 60% decrease in the total organic carbon concentration[89].

19
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4.1.3. Activated Carbon
Activated carbon is used to filter contaminations from air or liquid. It is a form of carbon with a high
surface area. The activated carbon filter used removes more than 95% of all chloride in water[138].
Besides removing chloride, activated carbon is also able to remove some metal ions, such as Pb2+ and
Zn2+ with an efficiency of 83% and 83.6%, respectively[139]. This helps to reduce the concentration
of heavy metal ions that deactivate the catalyst. Activated carbon has maximum adsorption capacity
of 704.23 𝑚𝑔 𝑔−1 and a density of 650 𝑘𝑔 𝑚−3[140, 141]. The activated carbon filter is a fixed bed
column with a height two times the diameter with a calculated bed volume of 818.63 and 40.94 𝑚3
for the first and second bed, respectively[117]. The calculations can be found in Appendix B.1. The
velocity of the liquid through the column is 0.3048 𝑚 𝑠−1[142]. The lifespan of an activated carbon
filter is 6 months to 1 year and to keep the efficiency of the filter to the required level, the filter is
replaced every 6 months[143, 144]. The concentration of chloride need to be lower than 0.1 ppm
because the membrane used in RO has a low resistance towards free chlorine ions[145]. For this
reason, two activated carbon filters are used to meet the required chloride concentration.

4.1.4. Softener
The removal of multivalent ions to soften the water can either be done by lime softening or ion-exchange
resins. Ion-exchange resins have proven to be the most effective method[146]. Ion-exchange resins
are organic polymers with an anionic active site that contain sodium ions. The efficiencies of this
method are 94% and 70.8% with adsorption capacities of 0.15 and 0.219 𝑔 𝑔−1 for Ca2+ and Mg2+,
respectively. The resins can be easily recycled by washing them with a solution with a high NaCl
concentration[101]. This needs to be done every 10 to 15 years[147]. Since the lifetime of the plant is
15 years, this is done 1 time after 7 or 8 years. The volume of resins needed is dependent on the flow
rate and the volumetric flow rate should be between 5 and 50 times the bed volume of the ion exchange
resins[148]. The volumetric flow rate entering the softener is 1,143.88 𝑚3 ℎ𝑟−1. A volumetric flow
rate and bed volume ratio of 25 is chosen, so a bed volume of 45.76 𝑚3 is used.

4.1.5. Reverse Osmosis
The used membrane for reverse osmosis is a thin film composite polyamide membrane. It is made up
of three different layers. The first part is a backing layer with pore sizes between 100 and 200 𝜇𝑚 and
the second part is a microporous layer made from polysulfone with pore sizes of 20 to 50 𝜇𝑚. The
third layer of the RO membrane is made of polyamide with pore sizes between 0.05 and 0.3 𝜇𝑚[145].
The membranes are produced by TORAY and have a surface area of 37 𝑚2 and a water permeability of
41.6 𝑚3 𝑑𝑎𝑦−1. The operating pressure is 15.5 bar and it is able to remove 98% of salts present with
a recovery of 90%[89, 149]. The lifetime of a reverse osmosis membrane is between 3 to 5 years, so
the membrane is replaced every 4 years[150]. To meet the requirements for ultrapure water, four RO
units are used, so the concentration of each ion is below the requirements. The membrane area of
each unit is 21,960.7, 19,772.1, 17,802.2, and 16,028.5 𝑚2 for the first, second, third, and fourth unit,
respectively, as calculated in Appendix B.1.

4.1.6. Degasser
As mentioned in Section 2.3.2, oxygen and carbon dioxide are the gasses that are dissolved. Carbon
dioxide is used in the process, so this gas does not necessarily have to be removed, but oxygen needs to
be removed. Oxygen in the system can react with metals and oxidize them[151]. It is hard to separate
oxygen without separating carbon dioxide as well, so while separating O2, a degasser removes both
O2 and CO2. For the degasser, a chemical-free separation method is used that uses a membrane to
remove the dissolved gasses. The membrane is a polymethylpentene hollow fiber membrane with
a thickness of 35 𝜇𝑚 that operates with a liquid pressure of 8 𝑏𝑎𝑟[152]. One degasser unit has a
maximum capacity of 50 𝑚3 ℎ𝑟−1. With a volumetric flow rate of 751.039 𝑚3 ℎ𝑟−1, 16 degasser units
are required. A combination of a vacuum for the gas phase and a sweep gas is used to extract as
much oxygen as possible. The used sweep gas is pure nitrogen with a counter-current flow towards
the water flow. The concentration of the dissolved gasses is reduced to less than 1 ppb and 5 ppb for
oxygen and carbon dioxide, respectively[153].
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4.1.7. Electrodeionization
A multi-compartment EDI system is used with an operating pressure of 2 𝑏𝑎𝑟 and a voltage of 70 𝑉.
The applied current in each compartment is 5 𝐴. The EDI system is able to remove the remaining 90%
of the ions and has a water recovery rate of 98%.[154]. This unit acts as an extra safety barrier and
can also be bypassed if the specifications of UPW are already met.

4.1.8. Pumps
Most of the separation units for the production of UPW use membrane separation techniques, which
require pressure differences and cause large pressure drops. To increase the pressure to the require-
ments for each separation unit, pumps are used. The summary of each pump is listed in Table 4.1. It
is assumed that after every membrane separation unit, the pressure is 1 𝑏𝑎𝑟, due to pressure drop.

Table 4.1: Specifications of the pumps in the water purification process

Pump From To
Pressure
increase
(𝑏𝑎𝑟)

Pump head
(𝑚)

Energy consumption
(𝑘𝑊)

1
Ultra
filtration 6 60.96 228.717

2
Ultra
filtration

Activated
carbon 1 1 10.16 36.982

3
Activated
carbon 1

Activated
carbon 2 1 10.16 36.973

4
Activated
carbon 2 Softener 1 10.16 36.972

5 Softener
Reverse
osmosis 1 15 147.36 536.034

6
Reverse
osmosis 1

Reverse
osmosis 2 15 147.33 484.242

7
Reverse
osmosis 2

Reverse
osmosis 3 15 147.39 438.109

8
Reverse
osmosis 3

Reverse
osmosis 4 15 147.45 396.513

9
Reverse
osmosis 4 Degasser 7 71.21 173.305

10 Degasser
Electrode-
ionisation 1 10.175 24.762

4.1.9. Storage Tank
Every so often, the units for the liquid feed stream purification require maintenance. To prevent the
entire system being shut down when a unit needs maintenance, a storage tank is placed in front of
the electrolyzers where UPW is stored. It is assumed that a storage capacity of one day is sufficient
to cope with small maintenance stops. The flow rate of the liquid feed stream purification is 736.018
𝑚3 ℎ𝑟−1, so the volume of the storage tank is calculated to be 17,664.4 𝑚3 as shown in Appendix B.1.
To prevent that oxygen can dissolve back into the UPW, a floating roof storage tank is used.

4.2. Gas Feed Stream Purification
Before the flue gas can enter the electrolyzers, impurities that damage the electrolyzer and influence
the specifications of the electrolyzer need to be removed. Four impurities need to be removed from
the flue gas. These four compounds are NO𝑥, SO2, COS, and H2S. First, NO2 and SO2 are removed,
followed by, the conversion of COS to H2S, and at last, H2S is removed. After the impurities are
removed, CO2 and CO are isolated to increase the concentrations of both compounds. The model
scheme of the gas purification process can be seen in Figure 4.2.
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Figure 4.2: Model scheme of the gas purification process

4.2.1. NO and NO2
Reducing NO and NO2 in N2 is an effective way to remove NO𝑥 from the flue gas. This reduction reac-
tion can either be performed with or without the presence of a catalyst. Using a catalyst will increase
the investment cost, but the reaction conditions are milder than compared to reaction conditions with-
out the use of a catalyst. Without a catalyst, the reaction temperature needs to be 900 °C and with a
catalyst a temperature between 250 and 500 °C is sufficient. Next to milder reaction conditions, the
removal efficiency increases when a catalyst is used to 90%[81]. Since the reaction conditions are
milder and the efficiency is higher, a catalyst is used to reduce NO𝑥. The used catalysts are metal
oxide-based catalysts CaO, SiO2, Al2O3, and MgO. Particulate matter that is present in the flue gas
poisons the catalyst and causes problems in other downstream units, so the flue gas first needs to be
removed using a particulate matter filter. The NO𝑥 are removed in a selective catalytic reduction (SCR)
process[81]. A research on the removal of NO𝑥 and SO2 from flue gasses using metal oxide-based
catalysts stated that it is possible to remove NO𝑥 using a catalytic process without the SO2 present
poisoning the catalyst[81].

4.2.2. SO2
SO2 can be removed either by a once-through or regenerable processes. Since once-through processes
are cheaper, more efficient, and already used in the industry, a once-through process is used to remove
SO2. Wet scrubbing is found to be the most effective technique. The other industrially proven systems
are spray dry scrubbing and sorbent injection with an efficiency of 90% and 50%, respectively[83].
Both these methods use a solid absorbent to capture SO2, but the high OpEx for spray dry scrubbing
and low efficiency of sorbent injection makes these methods not usable for a large scale process[155]
The used absorbent in wet scrubbing for the removal of SO2 is limestone (CaCO3) and it removes 99%
of SO2[83, 84]. The removal is performed using a column and the specifications of this column are
shown in Figure 4.3 and Table 4.2. The column uses a liquid-to-gas ratio of 15 and a calcium-to-sulfur
ratio of 1.05.

After the wet scrubbing column, the gas stream is cooled down and a flash drum is used to remove
water that has left the column in the gas phase. It is assumed that flash drums are vertical pressure
vessels which have a height 4 times the diameter with a cylindrical shape. The size and volume of the
pressure vessel is calculated in Appendix B.2. The height and diameter are 20.88 and 5.22 𝑚 and the
flash drum has a volume of 447.04 𝑚3.

Table 4.2: Limestone scrubber column specifications to remove SO2 from the gas stream

Condenser duty 0 𝑀𝑊
Reboiler duty 0 𝑀𝑊
Tray height 0.6096 𝑚
Tray diameter 10.63 𝑚



4.2. Gas Feed Stream Purification 23

Figure 4.3: Scrubber column specifications to remove SO2 using limestone

4.2.3. COS
There are two ways to remove COS from the gas stream. One is to directly remove COS using a
separation technique and the other one is to convert COS into another compound. Directly removing
COS is not a very effective technique, so converting COS to a different compound is chosen. As H2S
also needs to be removed, converting COS in H2S is a logical reaction. This reaction can be done with
hydrogenation or hydrolysis. It is proven by Zhang et al. that hydrolysis of COS is the preferred option
due to milder reaction conditions and higher conversion compared to hydrogenation. Performing this
reaction at 200 °C results in an almost complete conversion of COS using an oxysulfide catalyst and is
independent of the applied pressure[85, 156]. This catalyst, however, is deactivated in the presence
of SO2, this is why SO2 is removed before the conversion of COS[157]. The COS to H2S reactor is
assumed to be an autoclave with an average residence time of 1 min. The flow rate at 200 °C is
8,522.36 𝑚3 𝑚𝑖𝑛−1, so the reactor has a volume of 8,522.36 𝑚3.

4.2.4. H2S
The last impurity in the gas feed stream that needs to be removed is H2S. The H2S concentration is
higher than stated in Table 3.2, due to the conversion of COS to H2S. Removing this compound is
already widely established in the industry using caustic washing with NaOH. To increase the selectivity
towards the removal of H2S, an amine-based solvent is used. It is found that sterically hindered amines
are more effective compared to traditional amines and that a low temperature and high solvent con-
centration favoured the selectivity towards the removal of H2S[158]. Even though sterically hindered
amine solvents result in a higher selectivity, the conventional amine-based solvent MDEA is used due
to the unavailability of certain substances in the ASPEN Plus V12 software. From a previous study it
is know that the lowest H2S concentration is obtained when a mole fraction of 0.26 MDEA in water is
used. The removal of H2S is done in an adsorption column and its specifications are shown in Figure
4.4 and Table 4.3.

During this separation step, a large amount of CO2 is lost. To reduce this loss, the bottom stream
that contains the lost CO2 is run through a flash drum to recover most CO2 and recycle it back to the
column. The top stream is cooled down and a flash drum is used to remove water that has entered
the vapor phase. It is assumed that the flash drum is a vertical pressure vessel with a height 4 times
its diameter and an average residence time of 5 𝑚𝑖𝑛. The flash drum has a calculated height and
diameter of 20.31 and 5.08 𝑚 and volume of 411.45 𝑚3 as calculated in Appendix B.2.

In the gas stream leaving the H2S scrubber, some H2O is present. A flash drum is used to remove
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the excess water in this stream. The same assumptions for this flash drum are used as for the CO2
recovery flash drum. In Appendix B.2, the size of the flash drum is calculated. The flash drum has a
height and diameter of 3.37 and 0.84 𝑚 and volume of 1.88 𝑚3.

Table 4.3: Absorber column specifications to remove H2S from the gas stream

Condenser duty 0 𝑀𝑊
Reboiler duty 0 𝑀𝑊
Tray height 0.6096 𝑚
Tray diameter 8.977 𝑚

Figure 4.4: Scrubber column specifications to remove H2S

4.2.5. CO2
After the impurities are removed to the required level, CO2 is isolated from the other gas compounds
using pressure swing adsorption (PSA). It is assumed that all impurities leave the PSA units in the most
important product stream. The PSA unit has a 90% CO2 recovery and is able to produce a 95% pure
CO2 stream. The adsorbent used is a zeolite-based 5A and the operating pressure is 1 to 2 𝑏𝑎𝑟. The
PSA unit can only be used when the CO2 concentration is higher than 15%. After all impurity removal
units and removal of water, the CO2 concentration is 20.5%, so PSA can be used[159]. This isolated
CO2 stream is the gas input stream of the first electrolyzer.

4.2.6. CO
The other gas stream leaving the CO2 PSA and the gas exit stream of the first electrolyzer are mixed
and fed to the CO PSA. In this separation unit, CO is separated from the other gasses with a recovery
of 96% using a cupric chloride on an activated carbon support. The CO stream leaving the PSA unit
has a purity of 98% and has an operating pressure and temperature of 1 𝑎𝑡𝑚 and 27°C[160]. The
CO-rich stream is fed to the second electrolyzer where it reacts to form C2+ compounds.
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4.3. Electrolyzers

Figure 4.5: Model scheme for the electrolyzers

CO2 is converted to C2+ products in two steps using two types electrolyzers. The reason why two
electrolyzers are used is that selective reduction of CO2 on copper is challenging, due to various proton
and electron transfers. First reducing CO2 to CO yields a higher CO concentration at the electrode
surface at the second electrolyzer, which favours C-C coupling[161, 162]. C2+ molecules are favoured
over C1-molecules as products because they have a higher energy density. The requirements for the
electrolyzers are that they have a high CD, FE towards C2+ products, high stability, and high single pass
conversion. The model scheme of the two electrolyzer system is shown in Figure 4.5. The calculations
for the electrolyzers can be found in Appendix B.3.

In the first electrolyzer, CO2 is converted into CO and uses a volumetric flow rate ratio of 1:4 for the
electrolyte-to-gas feed ratio in a membrane electrode assembly (MEA) electrolyzer[163]. The benefit is
this type of electrolyzers for the first step is that they have high stabilities and only an anolyte is used.
The half reactions taking place in the first electrolyzer are mentioned in Reactions 2.19 and 2.6 at the
cathode and Reaction 2.20 at the anode. The total area of the electrode is calculated to be 7,239.48
𝑚2 and has a cell voltage of 3.2 𝑉[163]. One electrolyzer cell has an electrode surface area of 1 m2,
so in total there are 7,240 electrolyzer cells for the conversion of CO2 to CO. The total current and
power of this electrolyzer is 21,718,440 𝐴 and 69.50 𝑀𝑊 as calculated in Appendix C.1.1. The other
specifications of the electrolyzer are mentioned in Table 4.4.

In the second electrolyzer, the formed CO from the first electrolyzer and CO that is already present
are converted to C2+ compounds with a volumetric electrolyte-to-gas feed ratio of 2:1[164]. The second
electrolyzer type is a GDE flow cell with a total power of 977.06 𝑀𝑊 and a total current of 305,331,990
𝐴. The benefit of a GDE flow cell is that the CO is directly supplied to the electrode. The other spec-
ifications of this electrolyzer are stated in Table 4.4. The half reaction that takes place at the anode
of this electrolyzer is the same as the first electrolyzer (Reaction 2.20). The reactions that happen at
the cathode are Reactions 2.19 and 2.14 to 2.18. The total area of the electrodes is calculated to be
101,777.33 𝑚2 and it is assumed that the same cell voltage of 3.2 𝑉 as the first electrolyzer since this
is not mentioned in the used paper. For the conversion of CO to C2+ molecules, each cell also has an
electrode surface area of 1 m2, so 101,778 cells are needed.

The article used for the second electrolyzer mentions a faradaic efficiency of 0.50% towards formic
acid, but the electrochemical reduction of CO towards formic acid is not possible. The reference pa-
per also uses a two-step CO2 reduction process and uses the gas exit stream of the first electrolyzer
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as a feed stream for the second electrolyzer. This gas stream is purified before it enters the second
electrolyzer, but due to the formation of formic acid, it is expected that there is still some CO2 present
which causes the formation of formic acid. Moreover, it is expected that the mentioned FE of 0.50% is
a typo since the FE to formic acid decreases with increasing current density. However, only at 100%
CO and 300 𝑚𝐴 𝑐𝑚−2 current density, the FE to formic acid increases 10 times compared to the 200
𝑚𝐴 𝑐𝑚−2 case. Due to the impossibility of the formation of formic acid from CO and a low FE, it is
assumed that formic acid is not formed at all.

Next to the assumption to neglect the formation of formic acid, the electrolyte in both electrolyzers
are recycled to reduce the cost of the production of UPW and to accumulate the liquid products in the
catholyte of the second electrolyzer. The recycled rate is inversely proportional to the amount of fresh
UPW needed, so a larger recycle rate will require less fresh UPW. The amount of fresh UPW, however,
will not decrease much when the recycling rate becomes high. For this reason, the anolyte is assumed
to be recycled for 3500 passes. Another reason why recycling can not be much larger is to prevent the
accumulation of contingent present impurities. The accumulation of the liquid products in the second
electrolyzer is done to make it economically and energetically feasible to separate the formed products
from each other and water. Greenblatt et al.[165] did research on the technical and energetic chal-
lenges of separating the products formed in electrochemical CO2 reduction. The research concluded
that for the energy return on energy investment (EROEI) to be larger than 1, the required energy to
separate the product should be less than half of the enthalpy of combustion[165]. For this reason, the
liquid products containing catholyte is recycled 2,000 times. Using this recycling rate, H2O still has a
mole fraction of 0.80. It is assumed that the efficiency of the electrolyzer is not affected when the H2O
mole fraction is 0.80 or higher. To let the process run continuously, only 1/3500 part of both anolyte
flows and 1/2000 part of the catholyte flow is removed and goes to the product separation part of
the process. Normally when a recycle is used, a part is purged to prevent the accumulation of inert
compounds or impurities. In this case, the purge contains the liquid products and goes downstream
to the product separation part.

The recycled catholyte and anolyte are stored in a floating roof storage tank. It is assumed that
the average residence time of the electrolyte in an electrolyzer is 1 𝑚𝑖𝑛[166]. The volume of the
storage tanks for the anolyte is based on the average residence time of the anolyte in the electrolyzer.
A tank volume of two times the volume of anolyte that passes through the electrolyzer every minute
is assumed to be adequate. The volume of the storage tank for the anolyte of the first and second
electrolyzer is calculated in Appendix B.3 and has a volume of 937.75 and 20,336.2 𝑚3, respectively.
Anolyte is not used in the downstream processes, but catholyte is used. Electrolyzers sometimes re-
quire small maintenance and need to be shut down for a short time. This can influence the downstream
liquid product separation process, so a larger storage tank is used, so the downstream process is not
influenced during maintenance of the electrolyzers. It is assumed that a storage tank should contain
an extra volume of 1 day of downstream production besides the volume of two times the average
residence time. Every day a volume of 7,402.12 𝑚3 flows to the liquid product separation. Since the
catholyte and anolyte flow are equal for the second electrolyzer, the catholyte storage tank needs a
volume of 27,768,32 𝑚3 as calculated in Appendix B.3.

Furthermore, the single pass conversion of CO2 and CO in the first and second electrolyzer is 50%
and 43%, respectively. To use as much CO2 and CO, these compounds are separated from the other
gas compounds in the exit streams using PSA and are recycled back to the electrolyzer. After the CO
PSA isolates CO for the second electrolyzer, another CO2 PSA unit is placed to recover unreacted CO2.
The unreacted and isolated CO2 stream after the CO2 PSA is mixed with the fresh CO2 stream and goes
to the first electrolyzer to react to CO. The gas stream exiting the second electrolyzer still contains a
large amount of CO. A CO PSA unit is used to remove unreacted CO from this stream and the separated
CO is mixed again with fresh CO to be fed to the second electrolyzer again. A storage tank for CO2,
CO, or gas products is not used, due to the large volume of the gas stream.
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Table 4.4: Electrolyzers specifications[163, 164]

Electrolyzer
Electrolyzer
type

Current
density
(𝑚𝐴 𝑐𝑚−2)

Potential
(𝑉) Catalyst Catholyte Anolyte Faradaic efficiencies

Single pass
conversion

CO2 to CO MEA flow cell 300 3.2
Ag
coordination
polymer

1M KOH
96% to CO
4% to H2 50% of CO2

CO to C2+ GDE flow cell 300 3.2 Cu 1M KHCO3 2.5M KOH

16.38% to PrOH
15.49% to EtOH
45.57% to Ethylene
9.35% to Acetic acid
10.92% to H2

43% of CO

4.4. Product Separation
As mentioned before, there are three liquid products and four gaseous products formed. The formed
gas products that need to be separated are ethylene, hydrogen, methane, and oxygen. Methane,
however, is only formed when sulfur and nitrogen impurities are present in the stream. In a previous
study, it is found that removing gas impurities is the preferred option over not removing the impurities,
due to the formation of more valuable products. For this reason, methane is not considered to be
formed and separated. Currently, the oxygen that is formed at the anode side of the electrolyzer is
assumed to leave the electrolyzer in a pure form and is purged. This is done due to how the electrolyzers
are modelled and it is not known what the composition of the oxygen stream is. When it is known what
the composition is, then oxygen can be purified and used and sold for industrial or medical applications.
The liquid compounds are acetic acid, ethanol, and n-propanol. It is assumed that all liquid products
are dissolved in the water phase and all gas products are in the gas phase. Furthermore, it is assumed
that acetic acid is only present in deprotonated form as acetate, due to the high concentration of OH−

in the stream. The model scheme of the gas and liquid products separation parts of the process are
shown in Figure 4.6 and 4.8.

Figure 4.6: Model scheme for the gas separation process

4.4.1. Hydrogen
Two streams contain hydrogen. The first stream is the stream exiting the CO2 PSA that recycles unre-
acted CO2. This stream mainly contains N2 and H2. The mole fractions of H2 and N2 are 0.13 and 0.75,
respectively. Since it is not possible to separate H2 from N2 with a low H2 to N2 ratio using PSA, another
technique has to be used or another application for this stream has to be found. A possible method to
remove H2 from the gas streams is using a selective membrane separation technique. Graphene-based
membranes have shown to be effective in selectively separating H2 from N2, but this technique is only
proven on lab-scale so far[167]. Elaborating this technique can be a solution to obtain a high purity
H2 stream. Another possibility is to add extra hydrogen to this stream and use it in the Haber-Bosch
process, but the influence of the other compounds present in the stream on the Haber-Bosch process
has to be reseached.

The second stream which contains hydrogen has a higher hydrogen-to-nitrogen ratio, so PSA can
be used as a separation technique to isolate H2. This stream contains, next to H2, also the other gas
product ethylene. H2 is chosen to be separated first because for the ethylene separation, the stream
needs to be pressurized and cooled down. Removing H2 first will decrease the cost of pressurizing and
cooling down the stream, since it is smaller, and H2 PSA is performed at room temperature. The H2
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leaving the PSA unit has a purity of 99.4%. Hydrogen is not further purified, since the purity higher
than needed for qualified grade.

4.4.2. Ethylene
The next gas product is ethylene which is the main compound that is present after the removal of
H2. Other compounds that are present in noteworthy quantities are CO, CO2, H2, and N2. Most of
these compounds are hard to condense, but ethylene and CO2 are condensable. To condense these
compounds, the stream is cooled and pressurized. A trade-off has to be made between the pressure
and temperature and it is found that pressures higher than 20 bar did not influence the increase in
temperature and purity of ethylene that much anymore. The stream is first compressed to 20 bar and
then cooled down to -80°C, to condense ethylene out as the liquid phase. The temperature is chosen
so the required ethylene purity is reached. A cryogenic distillation column is used to separate the liquid
phase from the gas phase. The specifications of the column are shown in Figure 4.7 and Table 4.5. The
purity of ethylene is 98% which is already higher than required to be used for industrial applications
and is chosen not to be purified further.

Table 4.5: Distillation column specifications to separate ethylene from non-condensible gasses

Condenser duty -0.737 𝑀𝑊
Reboiler duty 1.575 𝑀𝑊
Tray height 0.6096 𝑚
Tray diameter 2 to 14: 0.7088 𝑚

15 to 28: 1.3020 𝑚

Figure 4.7: Distillation column specifications to separate ethylene from non-condensible gasses
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Figure 4.8: Model scheme of the product separation process

4.4.3. Acetic Acid
The first product that is separated from the liquid product stream is acetate. Acetate is removed first
because ethanol and propanol form an azeotrope with water, so special separation methods are needed
to isolate these compounds. Two separation methods are considered to separate acetate; distillation
and electrodialysis. Since the stream is quite large and electrodialysis is not able to remove all acetate,
a large recycle is needed to remove most acetate, so using distillation is the preferred option. Almost
all acetate leaves at the bottom of the column together with some water and ethanol, n-propanol, and
the remainder water comes out at the top of the column. The design specifications of the column are
shown in Table 4.6 and Figure 4.9.

Table 4.6: Specifications of the distillation column to separate acetate from the liquid product stream

Condenser duty -325.382 𝑀𝑊
Reboiler duty 325.394 𝑀𝑊
Tray height 0.6096 𝑚
Tray diameter 12.128 𝑚
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Figure 4.9: Distillation column to separate acetate from ethanol, n-propanol, and water

The bottom exit stream of the distillation column contains acetate and water. The desired product
acetic acid can easily be separated from water using distillation, but the compound is present as ac-
etate. Acetate first needs to be protonated to be used in a distillation column. Two options are able
to do this; the addition of an acid to lower the pH or electrodialysis. Adding an acid is not desirable,
since it dilutes the stream and acids are hazardous compounds, so it is desirable to use as less acids as
possible. Using an electro-electrodialysis with a recycle is found to be an effective method to obtain a
protonated acetic acid stream. The applied potential in the elctro-electrodialysis unit is 4.3 𝑉 and has
a removal efficiency of 40.47%.[168] An electro-electrodialysis unit consists of three compartments
separated by ion exchange membranes. The carrier in all streams is H2O, so the protonated acetic acid
leaves the electrodialyser still dissolved in H2O. The stream containing acetate that is not converted is
recycled to reduce the loss of the product.

After the electro-electrodialyser, acetic acid is separated from water using a distillation column. The
required purity of acetic acid is 80 mole% and the column is designed so that acetic acid has the desired
purity. The column specifications are shown in Figure 4.10 and Table 4.7.

Table 4.7: Specifications of the distillation column to separate acetic acid from H2O to the desired purity

Condenser duty -33.763 𝑀𝑊
Reboiler duty 33.719 𝑀𝑊
Tray height 0.6096 𝑚
Tray diameter 2 to 17: 3.799 𝑚

18 to 24: 5.157 𝑚
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Figure 4.10: Distillation column to isolate acetic acid from water

4.4.4. Ethanol
The top exit stream of the first distillation column contains ethanol, n-propanol, and water. This mixture
forms an azeotrope, so with normal distillation, the compounds can not be separated to the required
purities. Two separation techniques are considered to separate the compounds; pervaporation and
extractive distillation. With pervaporation, it is hard to effectively remove one of the compounds, since
not much study is performed on the separation of ethanol, n-propanol, and water mixtures. With
extractive distillation, ethanol can be easily separated from n-propanol and water using ethylene glycol
as an entrainer[169]. A 1:1 flow rate ratio of water and alcohol mixture to ethylene glycol is used to
reach the desired purity. With this method, ethanol leaves on the top of the column with a purity of 99
mole%, and ethylene glycol, n-propanol, and water emerge from the bottom of the column. In Figure
4.11 and Table 4.8 the design specifications for the extractive distillation column are shown. Ethanol
does not require further purification, since it already meets the required purity for it to be used in the
industry.

Table 4.8: Specifications of the extractive distillation column to isolate ethanol

Condenser duty -33.943 𝑀𝑊
Reboiler duty 64.493 𝑀𝑊
Tray height 0.6096 𝑚
Tray diameter 2 to 27: 5.608 𝑚

18 to 24: 5.550 𝑚
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Figure 4.11: Extractive distillation column to isolate ethanol with ethylene glycol as entrainer

After the ethanol extraction column, ethylene glycol is recovered to be reused in the ethanol extrac-
tion column. Ethylene glycol, n-propanol, and water do not form an azeotrope, so normal distillation
can be used to recover ethylene glycol. n-Propanol and water leave the column on the top and ethylene
glycol leaves at the bottom. Ethylene glycol is recycled with a purge, so only a small fresh ethylene
glycol stream is needed. The column specifications are shown in Figure 4.12 and Table 4.9.

Table 4.9: Specifications of the distillation column to recover ethylene glycol

Condenser duty -81.153 𝑀𝑊
Reboiler duty 110.248 𝑀𝑊
Tray height 0.6096 𝑚
Tray diameter 2: 5.192 𝑚

3 to 15: 5.183 𝑚
16 to 63: 7.336 𝑚
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Figure 4.12: Distillation column to recover ethylene glycol

4.4.5. n-Propanol
At last, n-propanol needs to be separated from water. n-Propanol and the water form an azeotrope
with the azeotropic point at an n-propanol concentration of 71.7 wt%. The boiling point of the mixture
is 87.7°C[170]. Due to the fact that distillation is an efficient way of separating, the mixture is first
separated with a distillation column to increase the n-propanol concentration close to the azeotropic
point. With the column specifications as shown in Figure 4.13 and Table 4.10, n-Propanol leaves the
column in the top stream with a purity of 39.9 mole% (68.7 wt%) which is nearly at the azeotropic point.

Table 4.10: Specifications of the distillation column to increase the n-propanol concentration

Condenser duty -21.764 𝑀𝑊
Reboiler duty 23.257 𝑀𝑊
Tray height 0.6096 𝑚
Tray diameter 2 to 3: 3.144 𝑚

4 to 7: 3.289 𝑚
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Figure 4.13: Distillation column to increase the n-propanol fraction

n-Propanol is further purified using pervaporation to the desired purity. The used membrane is a
hydrophilic polymeric membrane that consists of a polyvinylalcohol active layer on a support of poly-
acrilonitrile. The flux through this membrane is 1.2 𝑘𝑔 𝑚−2 ℎ𝑟−1, so the pervaporation membrane
has a calculated area of 6,872.04 𝑚2 as shown in Appendix B.4[170]. Water diffuses through this
membrane and most n-propanol is stopped. It is assumed that 98% of the water in the feed stream
passes through the membrane. With an n-propanol feed concentration of 68.7 wt%, the separation
factor of the membrane is 100, so 0.98% of the n-propanol also diffuses through the membrane. After
the pervaporation unit, the n-propanol stream has a flow rate of 313.22 𝑘𝑚𝑜𝑙 ℎ𝑟−1 with a purity of
96.4 mole%. It is chosen not to further increase the purity of n-propanol, since the conclusion from
Greenblatt et al.[165] is not met. The separation energy of n-Propanol is already greater than half of
its lower heating value, which is shown in Section 5.3.1. For most applications, n-propanol requires a
higher purity, so finding more efficient separation methods or a different order of separating the liquid
products with different separation techniques is recommended.

4.5. Heat Integration
A significant amount of energy is required for the heating and cooling of the streams. This is done
by using heaters and coolers, but the heat of one stream can also be used to heat another stream.
This is done to reduce the cost and the emission of CO2. In the process, heat exchangers are used,
wherever possible, to exchange energy from a heat stream to a cold stream. A minimum temperature
approach of 10°C is used to model the heat exchangers. The heat exchange network of the process
can be found in Appendix G.

The bottom stream of the ethylene glycol recovery column has a temperature of 193.34°C. This
stream is recycled and needs a temperature of 50°C, so this heat can be used to heat other streams and
other streams can cool down ethylene glycol. Therefore this stream is used in four heat exchangers.
The four streams that are heated up to the required temperature are the feed stream of the acetate
removal column, the feed stream of the acetic acid removal column, the exit stream of the SO2 removal
column, and the ethylene product stream leaving electrolyzer 5. The order in which both column feed
streams are heated up does not matter, since they will be both heated to the required temperature
without surpassing the minimum temperature approach. The other two streams both do not need to
be heated, but are only used to cool down the ethylene glycol stream because it needs to be 50°C
to be used again. The heat exchangers have an exchanger area of 133.5, 31.6, 884.3, and 62.7 m2,
respectively, for heat exchangers 1, 2, 3, and 6.
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The other two heat exchangers are used to cool down the bottom stream of the acetate removal
column, so the stream can be used in the electro-electrodialyser. In heat exchanger 4, the uncondens-
able gas stream leaving the ethylene separation column is used for cooling and has an exchanger area
of 7.8 𝑚2. Condensed ethylene from the ethylene separation column is used in heat exchanger 5 to
cool down the feed stream of the electro-electrodialyser to the required temperature. The exchange
area of heat exchanger 5 is 11.8 𝑚2.

Not all streams have the required temperature using the heat exchangers. There are four streams
that need extra cooling. Therefore utility stream available in ASPEN PLUS V12 are used to cool the
stream to the required temperature. A stream that is cooled is the ethylene glycol recycle stream to
reach a temperature of 50°C. To cool this stream, cooling water is used that enters the cooler at 20°C
and leaves the cooler at 25°C. Two streams in the gas feed stream purification part need to be cooled
to 15 and 25°C. Cooling with cooling water is not possible, since the minimum approach temperature
is then crossed. So a refrigerant called refrigerant 1 is used that has a begin temperature of -25°C and
a end temperature of -24°. The last stream that requires cooling is the gas stream containing ethylene
and non-condensable gasses and this stream is cooled to -80°C using refrigerant 4. This refrigerant
has a begin temperature of -103°C and an end temperature of -102 °C.
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Results and Discussion

5.1. Liquid and gas feed stream purification
The liquid and gas feed streams are purified using multiple separation techniques. The concentrations
of the ions and oxygen after the liquid feed stream purification part are given in Appendix H.

The requirements for ultrapure water can be found in Table 2.1. The concentrations of each cation
should be lower than 0.01 𝜇𝑔 𝐿−1. Na+ has the highest concentration, however, the concentration of
Na+ is below the maximum concentration, so the requirements for ultrapure water are met. Besides
that, the concentration of heavy metal ions Fe2+, Pb2+, and Zn2+ should be very low to prevent poi-
soning the catalyst.[61] The concentrations of Pb2+ and Zn2+ after purification are too low for ASPEN
PLUS V12 to be considered and are therefore automatically set to 0 𝜇𝑔 𝐿−1. The lowest concentration
of Fe2+ researched by Hori et al.[61] is 0.05 𝜇𝑀 and the concentration of Fe2+ after the liquid feed
stream purification part is in the order of 10−5 𝜇𝑀. The concentrations of the heavy metal ions that
deactivate the catalyst are much lower than researched and therefore it is assumed that the heavy
metals do not poison the catalyst.

For the anions, HCO−3 has the highest concentration after all purification units with a concentration
of 0.004708 𝜇𝑔 𝐿−1. This is below the maximum concentration allowed for anions of 0.05 𝜇𝑔 𝐿−1. O2
is also removed sufficiently from the liquid feed stream with a concentration of 2.442 𝜇𝑔 𝐿−1 where
the maximum allowed concentration for dissolved oxygen is 10 𝜇𝑔 𝐿−1.

The concentrations of the gas impurities after the gas purification part are given in Appendix H. The
target was to decrease the concentrations of these compounds to an acceptable level. The target for
H2S is to have a concentration below 10 ppm and this target is reached. However, as explained later
in Section 5.2.2, another separation technique for H2S should be used to make the process economi-
cally feasible. For the other compounds, it is assumed that the concentrations are low enough to not
deactivate the catalyst.

The specifications of the separation techniques are obtained from literature data, but the specifica-
tions might change when the process operates at a large scale which can cause the concentrations to
increase. More research on the up-scaling of the purification techniques is recommended to validate
the performance of the individual separation units.

5.2. Techno-Economical Analysis
In this section, the techno-economical analysis is done where the CapEx and OpEx are calculated using
a base case. Later a sensitivity analysis is done with two different cases to get an insight into what
factors most influence the economics of the process.

36
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5.2.1. Total Capital Investment
To calculate the CapEx of each unit, the equations for the capital cost of a single unit from Seider et
al. are used[117]. For units that are not present in the book, other references are used to determine
the price of the unit as can be seen in Appendix C. All the calculated and prices are later corrected
for inflation using method explained in Section 2.4. The process consists of five parts. These five
parts are the liquid feed stream purification (Section 4.1), gas feed stream purification (Section 4.2),
electrolyzers (Section 4.3), liquid product separation, and gas product separation (Section 4.4). The
price without the correction for inflation of each unit in these parts can be found in Tables C.16 to
C.21 and is summary shown in Table 5.1. The prices are based on the flow rate and size of each unit.
The price calculations can be found in Appendix C.1.1. When calculating the prices of each unit, the
following assumptions are made:

• The concentration of ions in the liquid feed stream to the liquid feed stream purification section
is constant

• The gas feed composition entering the gas purification part is constant

• The free on board purchase price for all PSA units are based on the price of a H2 PSA unit[171]

• Flash drums are pressurized vessels

• COS to H2S reactor is an autoclave

• Adsorber columns are distillation columns

• Heaters and coolers are heat exchangers

• Pressure drop in the liquid product separation process and gas stream are neglected

• Electrolyzer costs are calculated using equations from Jouny et al.[54]

Table 5.1: Total f.o.b. price of all parts of the process

Unit F.o.b. price ($) Contribution to total
Liquid feed stream purification 82,893,379.63 18.2%
Gas feed stream purification 21,827,817.11 4.8%
Electrolyzers 317,205,343.11 69.5%
Liquid product separation 21,763,719.27 4.8%
Gas product separation 11,737,798.88 2.6%
Heat exchangers 905,439.54 0.2%
Total 456,333,497.53

The total CapEx without the correction for inflation is $456,333,497.53. The f.o.b prices obtained
from Seider et al.[117] have a CE index of 567, but the value is outdated and has increased since.
Currently, the CE index has a value of 808.7.[172] To calculate the total investment, Equation 2.29
is used. From this equation, it is calculated that the total capital investment (TCI) of this process is
$4,053,574,120.98 as shown in Table 5.2. The price of the TCI for each part is also shown in the same
table. The TCI contains all costs that come with designing, constructing, and starting up a new plant.

The largest contributors to the CapEx are the electrolyzers and the liquid feed stream purification.
The cost of the electrolyzers will increase when the electrolyzers operate at higher current densities
or potentials. The cost of the electrolyzers is based on the price per 𝑘𝑊, applied voltage, and current
density[44]. Research needs to be performed on more efficient catalysts to reduce the applied potential
and reducing the cost per 𝑘𝑊 to compensate for the increase in the CapEx due to a higher CD.
Increasing the recycling of the electrolytes helps to reduce the size of the liquid feed stream purification
part which results in a lower CapEx. Therefore, influence of the electrolyte recycle on the electrolyzer
performance needs to be researched.
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Table 5.2: Total capital investment of all parts of the process

Unit TCI ($)
Liquid feed stream purification 736,335,290.46
Gas feed stream purification 194,071,739.31
Electrolyzers 2,817,709,803.89
Liquid product separation 193,325,385.23
Gas product separation 104,265,932.80
Heat exchangers 8,042,947.31
Total 4,053,574,120.98

5.2.2. Operating Cost
Operating costs are the ongoing expenses required to maintain the daily operations of the process.
These costs consists of the costs to operate each unit, the costs of all materials, and the maintenance
of the units that the process uses. The OpEx of each unit are shown in Tables C.29 to C.35. All calcu-
lations for the OpEx can be found in Appendix C.2. A summary of the OpEx are shown in Table C.36.

The total OpEx for the base case is $71,754,164.89 (See Appendix C.2.2) per day. This is mainly due
to the cost of the materials and especially the cost of methyl diethanolamine (MDEA). The daily cost of
the MDEA consumption is $64,350,720.00 (See Appendix C.2.2). Since this amount is too high for the
process to be economically feasible in any way, the cost of MDEA is neglected and it is recommended
to use a different compound or technique to remove H2S. In Table 5.3, the OpEx is shown where the
cost for MDEA is neglected. Now the OpEx is $7,403,444.89. When calculating the prices of each unit,
the following assumptions are taken:

• Maintenance costs are 2.5% of the CapEx each year, except for units in the UPW production

• An electricity price of $0.19 per kWh is used[173]

• For CO PSA, the same separation energy is used as for CO2

• Cost for MDEA is neglected

• The prices from Aspen PLUS V12 are used for different heat sources

• A reference cost of $0.40 per 𝑚3 of volumetric flow is used for the electrodeionization[174]

When the cost for MDEA is neglected, the largest contributors to the OpEx are the daily cost of the
electrolyzers and materials. The daily electrolyzers cost is cost for the electricity needed to convert
CO2 and CO in high value compounds. Decreasing the energy consumption will almost always lead to
a decrease in product formation. Therefore the electrolyzers need a high faradaic efficiency towards
the desired or most valuable product. Moreover, the cell also needs a high energy efficiency, so most
of the energy consumed will be stored in newly formed chemical bonds. The material cost mainly
consists of the cost of KOH and KHCO3. These compounds are used in the electrolytes. Researching
the effect of reducing the molarity or using a different salt on the electrolyzer performance helps to
find the optimum molarity and compound which can result in a lower daily cost.

Table 5.3: Summary of all operating cost of different parts of the process with the cost of MDEA neglected

Unit Operating cost ($ 𝑑𝑎𝑦−1)
Liquid feed stream purification 40,836.69
Gas feed stream purification 337,985,84
Electrolyzers 4,794,046.27
Liquid product separation 108,411.08
Gas product separation 103,351.39
Heat exchangers 62.02
Materials 2,018,751.60
Total 7,403,444.89
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5.2.3. Income
The five formed products are sold after they are separated. The income from selling these products is
shown in Table 5.4. The income of each product is calculated in Appendix C.3. Next to selling products,
the process also consumes CO2. Nowadays companies have to pay a CO2 tax for every ton of CO2
they emit. The current CO2 tax is $60.78 per ton CO2 and this tax increases with $12.55 per ton each
year.[175] As can be seen in Section 5.3.2, if solar, wind, or nuclear energy sources are used as an
energy source, the process is CO2 negative. Since the CO2 feed stream already exists and does not
need to be produced, money is saved when the process consumes CO2 and the net CO2 emission is
negative. For the calculation of how much CO2 tax is saved, it is assumed that wind energy is used as
an energy source. The income from the process is $2,362,629.35 a day.

The income of each product is based on how much is produced and the price of the produced com-
pound. The amount produced of a product is based on the faradaic efficiency of the compound and the
number of electrons needed to form the products. Acetic acid and ethanol both require 4 electrons,
ethylene 8 electrons, and n-propanol 12 electrons to be formed. For each product, the income per
mole electrons consumed can be used to determine from an income point of view which product is
most desired to produce. The income per mole electrons consumed is calculated in Appendix C.3. The
highest income per mole electrons consumed is generated by acetic acid, followed by ethanol. Ethylene
has the lowest income per mole electrons consumed. The highest income can be generated when the
faradaic efficiency towards acetic acid is the highest. The influence on the CapEx and OpEx of a high
faradaic efficiency towards acetic acid is not known, but the income per mole electrons consumed for
acetic acid is almost 3.5 times higher than for ethylene and the cost for electricity is independent of
the produced compound. Developing a catalyst with a high faradaic efficiency towards acetic acid is
recommended to increase the income from the process.

Table 5.4: Total income from selling the products

Product Income ($ 𝑑𝑎𝑦−1)
Acetic acid 418,290.48
Ethanol 349,578.54
Ethylene 885,993.60
Hydrogen 20,001.21
n-Propanol 567,710.43
CO2 tax saving 121,055.09
Total 2,362,629.35

5.2.4. Net Present Value
From the previous sections, the NPV can be calculated by using the TCI, OpEx, and income. The OpEx
is higher than the income, so the daily profit is -$5,040,815.54. To calculate the NPV, an interest rate
of 10%, average inflation of 2.0%, and a plant lifetime of 15 years are used.[118, 176, 177] The profit
tax for corporations in the Netherlands is 25.8%, but this only apply when a profit is made, so for the
base case this does not have to be paid. For the calculations of the NPV, the cost for MDEA is also
neglected. The NPV is calculated to be almost -19.4 billion dollars for the base case after 15 years as
shown in Appendix C.4. This high loss is due to a higher OpEx than income as well as the high TCI.
The designed process and the current market for energy and product prices result in an economically
unfeasible process. When MDEA is considered and no other separation technique for H2S is used, the
NPV decreases to more than -210 billion dollars in 15 years.

5.2.5. Sensitivity Analysis
In the previous section, the base case is elaborated where current parameters are used. A sensitivity
analysis is performed where the variables in the base case are compared with a better and an optimistic
case to see which variables are needed for an economically feasible process. The variables are chosen,
so the most optimistic case has a positive NPV. The chosen variables are shown in Table 5.5. Mostly
parameters that depend on market developments are changed. Changing the electrolyzer parameters
for lower electricity costs will decrease the formation of C2+ products, which are the target products
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in this process. For the electricity price and material cost, only 65% and 30% of the base price are
used for the better and optimistic cases, respectively. Next to lower costs for electricity and materials,
higher selling prices of 35% and 70% for the formed products are assumed for the better and optimistic
cases, respectively. A higher price of the products is feasible in the future, since the formed products
nowadays are mainly obtained from fossil fuels, which become scarce in the future. The CO2 tax is
also varied with the tax two and three times the current amount because this tax will increase in the
coming years with $12.59 each year. The only technology development parameter that is changed for
this analysis is the applied voltage because this can be improved with the development of a better and
more efficient catalyst and electrolyzer cell.

Table 5.5: Sensitivity parameters with the base, better and optimistic case

Base Better Optimistic
Electricity Price ($ 𝑘𝑊ℎ−1) 0.190 0.124 0.057
Selling Price Products ($ 𝑘𝑔−1) 0% 35% 70%
Voltage (𝑉) 3.2 2.8 2.5
Material cost ($) 100% 65% 30%
CO2 tax ($ 𝑡𝑜𝑛−1) 60.78 121.56 182.34

The NPV for the better and optimistic scenario is calculated in Appendix C.5. Even with the better
parameters the NPV is -8,010.48 million dollars. The optimistic case however, has a postive NPV of
433.36 million dollar after 15 years. Because the net profit in the optimistic case is positive, 25.8%
corporate tax has to be paid on this profit. The NPV becomes positive in year 12 in the optimistic case,
so after 12 years the process has earned itself back.

Next to knowing what the parameters need to be to have a positive NPV, the influence of the
different parameters on the NPV is shown in Figure 5.1. At $ = 0, the NPV of the better scenario is
given and the bars show the difference of one parameter compared to the better scenario. As can be
seen from the figure, the CO2 tax has the least influence on the NPV. However, the electricity price
does have a large influence on the NPV and this parameter will have the biggest influence in the future
for this process to become economically feasible.[44, 178] The electricity price will even have a larger
influence on the process than currently shown because a current density of 300 𝑚𝐴 𝑐𝑚−2 is used. In
the future, it is planned to increase the CD to increase the product formation, but this will also increase
the electricity cost. Large-scale state-of-the-art hydrogen electrolyzers have current densities of over
1,000 𝑚𝐴 𝑐𝑚−2, so the influence of the electricity price on the NPV will increase in the future.[179]
The two other market-based parameters almost have an equal and quite large influence on the NPV.
The influence of the selling price is also dependent on the FE towards the different compounds, since
the selling price of the different compounds are different and some products require more electrons to
be formed. The only technology-based parameter is the applied voltage and as can be seen, it does
influence the NPV. The market-based parameters, however, have a larger influence on the NPV. This
shows that the process is not limited by technological progress, but mainly by market conditions.

Figure 5.1: Influence of different parameters on the NPV with the better scenario as reference
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5.3. Energy Analysis
In this section, the energy requirements of the process are analysed. First, it is checked if the energy
requirement from the article of Greenblatt et al.[165] is met. Later, it is analysed if the process is
carbon-neutral using different energy sources.

5.3.1. Product Separation Energy
As mentioned in the previous section, the energy to isolate each product should cost no more than
about half of the enthalpy of combustion or lower heating value as stated by Greenblatt et al.[165].
The enthalpy of combustion, the amount produced, and the total energy content of the products are
listed in Table D.1. In Tables D.2 to D.6, the energy required to isolate the product is shown. The
energy consumption is the total energy that is consumed for every unit a compound passes through
and the relative energy consumption is the energy a unit uses multiplied by the molar feed fraction of
that unit for the relevant compound.

As can be seen from Tables D.2 and D.6, the maximum energy consumption to isolate acetic acid and
n-propanol is exceeded. A higher recycle ratio is needed to meet this requirement, but the assumption
that the electrolyzers specifications do not change is harder to validate if the H2O fraction drops even
lower. Another solution to solve this is to find more efficient separation methods, but normally distillation
is one of the most efficient separation method. Separating the products in a different order could also
possibly reduce the energy consumption, but more research needs to be done on separating acetic
acid, ethanol, n-propanol, and water mixtures. This is because the influence of the other products on
some separation techniques, such as pervaporation, is not known.

5.3.2. CO2 Analysis
One of the main objectives of this process is to reduce the emission of CO2 and look if it is possible to
use CO2 as a source for carbon-based products. This process consumes CO2 by using electricity, but
all units in this process also require energy. Generating this energy will also emit CO2. In this part, it
is analysed if the process is CO2 negative. For the energy analysis the parameters from the base case
are used. As can be seen from Table 5.6, all used energy sources emit energy. This is because the
total life cycle assessment of these different energy sources is used and CO2 emissions involved in the
production of each energy source is also taken into account.

The process consumes almost 2.4 million 𝑘𝑔 CO2 each day and the relative emission in Table 5.6
shows how much CO2 the process emits compared to how much CO2 is consumed. The process is only
carbon negative when nuclear, wind, or solar energy is used as an energy source. When these sources
are used only 18.16, 18.16, and 62.04% of the CO2 that is consumed, is emitted by the process. This
shows that the process is only carbon negative when a sustainable energy source is used as an energy
source. When carbon-based sources are used, more CO2 is emitted than without the use of this pro-
cess. There is also a difference in which sustainable energy source is used. When nuclear and wind
energy are used as energy source, less CO2 is emitted compared to solar energy, so nuclear and wind
energy should be used as energy source for this process to maximise the reduction of CO2 emissions.

As shown in Table E.2, the biggest contributor to the total CO2 emission is the second electrolyzer
with 64.7% of the total emission. It is expected that this unit will consume the most energy and as
a result the most CO2, because molecular bonds have to be broken and formed which costs a lot of
energy. For this electrolyzer, it is planned to increase the current density and this will also increase
the CO2 emission. This will result in a higher product formation rate, but the relationship between the
extra CO2 emitted and consumed should be investigated from a CO2 point of view.

Other large contributors to the total CO2 emissions are the first electrolyzer, the first distillation
column, and the ethylene glycol recovery column. For the first electrolyzer, the high emission is due to
the same reason as for the other electrolyzer, because a certain amount of energy to convert molecules
is always needed. The first distillation column contributes 10.4% of the total CO2 emissions because
most of the stream leaves the unit on the top. This requires a lot of energy to evaporate a large part
of the stream. Separating the products in a different order could possibly reduce the energy consumed
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in such units. Also, the ethylene glycol recovery column consumes a lot of energy, which is the main
reason why the conclusion from the research from Greenblatt et al.[165] can not be met for n-propanol.
Finding alternate separation techniques that require lesser energy could help meet the requirements
suggested by Greenblatt et al.[165] for the separation of alcohols.

For this process to run on large-scale, a stable, reliable, and large enough renewable energy source
is needed. The total capacity of all nuclear, solar, and wind energy that is currently produced in the
Netherlands is 426, 18,849, and 13,950 𝑀𝑊, respectively.[180–183] The designed large-scale CO2
electrolyzer plant requires a total power of 1,496.38 𝑀𝑊, thus requiring a considerable investment
and scale-up in the renewable energy and storage sector to ensure a continuous supply of energy for
the operation of the plant. This means that next to the technical and economical challenges, there also
is a challenge in producing and storing the required energy from a sustainable energy source.

Table 5.6: CO2 emissions from the different parts in the process based on different energy sources[54]

Section
CO2 emmision with
gas (𝑘𝑔 𝑑𝑎𝑦−1) Coal Nuclear Wind Solar Coal with CCS

Liquid feed stream purification 31,850.32 53,300.54 780.01 780.01 2,665.03 13,000.13
Gas feed stream purification 2,088,908.06 3,465,492.87 50,714.53 50,714.53 173,274.64 845,242.16
Electrolyzers 12,307,561.78 20,596,327.88 301,409.68 301,409.68 1,029,816.39 5,023,494.60
Liquid product separation 3,124,325.20 5,228,462.58 76,514.09 76,514.09 261,423.13 1,275,234.78
Gas product separation 234,757.53 392,859.54 5,749.16 5,749.16 19,642.97 95,819.40
Total 17,772,193.89 29,710,991.61 434,795.00 434,795.00 1,485,549.58 7,246,583.33
Relative emission 742.16% 1,240.72% 18.16% 18.16% 62.04% 302.61%
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Conclusions

A low-temperature, electrochemical CO2 reduction process was designed with the required upstream
and downstream processing of the gas and liquid streams in this work. The process is considered to be
located in an average steel-producing plant in Europe where the flue gas stream of the plant is used as
the gas feed stream and the liquid feed stream is obtained from the river Rhine. In this process, CO2 is
converted to C2+ products in two steps. In the first step, CO2 is converted to CO using a silver catalyst
in an MEA flow cell with a current density (CD) of 300 𝑚𝐴 𝑐𝑚−2. The faradaic efficiency (FE) to CO is
96% with a single pass conversion of CO2 of 50%. The MEA electrolyzer has an applied potential of 3.2
𝑉 and uses 1M KOH anolyte. The anolyte is recycled 3,500 times to reduce the cost of the liquid feed
stream purification. In the second step, CO is converted to C2+ products using a copper catalyst. The
electrolyzer type is a GDE flow cell with a CD of 300 𝑚𝐴 𝑐𝑚−2. The FE to acetic acid, ethanol, ethylene,
n-propanol, and hydrogen is 9.35, 15.49, 45.57, 16.38, and 10.92%, respectively with a single pass
conversion of 43% of CO. The catholyte is 1M KHCO3 and the anolyte is 2.5M KOH.

Electrolyzers require ultrapure water, so ions and other compounds present in the liquid feed stream
need to be removed. The purification of the liquid feed stream, i.e., water that is obtained from the
river Rhine, is performed in seven steps to meet the specifications of ultrapure water. These purifica-
tion steps are ultrafiltration, UV treatment, activated carbon, softener, reverse osmosis, degasser, and
electrodeionization. To achieve the desired level of purity, multiple units of certain purification steps
are needed. Therefore, two active carbon filters and four reverse osmosis units are used. The flue
gas contains multiple sulfur and nitrogen compounds and these can harm the electrolyzers and other
downstream processes. These compounds are removed using selective catalytic reduction, hydrolysis,
and absorption columns. After the impurities are removed to the desired level, both CO and CO2 are
separated further using pressure swing adsorption (PSA) units. The anolyte is recycled 3,500 times
to reduce the size and cost of the liquid feed stream purification part and the catholyte is recycled
2,000 times to increase the liquid product concentration. The liquid products, acetic acid, ethanol, and
n-propanol, are separated to the desired purities using distillation, extractive distillation, pervaporation,
and electro-electrodialysis. Recycle streams are used to recover the entrainer used in the extractive
distillation column and to increase the recovery of acetate in the electro-electrodialyser. For the sepa-
ration of the gas products, H2 and ethylene, PSA and cryogenic distillation units are used.

The identified pre-treatment and post-treatment steps are modelled in ASPEN PLUS V12 and in-
tegrated into one model. The model consists of five different parts including the liquid feed stream
purification, gas feed stream purification, electrolyzers, liquid products separation, and gas product
separation. The sequence of purification units in the liquid feed stream is in the order: ultrafiltration,
UV treatment, activated carbon, softener, reverse osmosis, degasser, and electrodeionization. In the
gas feed stream purification part, NO𝑥 is removed first, followed by the removal SO2, then the conver-
sion of COS into H2S, and finally, the removal of H2S. CO2 is firstly separated from the purified gas feed
stream to reach a high CO2 concentration and is converted to CO in the first electrolyzer. Unreacted
CO2 is separated from the formed CO and then recycled. The formed CO is mixed with the CO2-lean
purified gas feed stream and fed to the CO PSA, where a stream of concentrated CO is obtained for use
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in the second electrolyzer. Unreacted CO is separated from the gaseous exit stream of second elec-
trolyzer and recycled. The electrolyte leaving the second electrolyzer has a liquid product concentration
of 20 mole%. First, acetate is removed from the other liquid products and water using distillation, and
is then converted into acetic acid and purified using electro-electrodialysis and distillation. Ethanol is
secondly removed using extractive distillation with ethylene glycol as entrainer and ethylene glycol is
recovered and recyled using distillation. At last, n-propanol is separated from water using distillation
and pervaporation.

From the techno-economical analysis, it is calculated that the free on board purchase price of the
process is 456.33 million dollars. Using the Lang method, the total capital investment of the process is
calculated to be 4,053.57 million dollars. This cost mainly consists of the cost of the electrolyzers and
liquid feed stream purification. The cost to operate this process is 7.403 million dollars per day, which
mainly consists of the cost of electricity and materials. For the calculation of the operating expenses,
the cost for methyl diethanolamine was neglected, since it is too high. The income of the process
is generated by selling the formed products and saving on the CO2 tax. The total income is 2.263
million dollars a day, which results in a negative daily income of 5.041 million dollars. It is found that
the income can be increased when the faradaic efficiency towards acetic acid is increase, since the
income per mole electrons is the highest for acetic acid and the lowest for ethylene glycol. The net
present value (NPV) of the current design process is calculated to be -19.38 billion dollars. A sensitivity
analysis is performed on the process using three scenarios to see what the influences of different pa-
rameters are on the economic feasibility. The three scenarios include a base, better, and an optimistic
scenario. The market-based parameters that are changed include the electricity price, selling price
of the products, cost of materials, and CO2 tax while the only technology-based parameter which is
considered is the cell voltage. The NPV of the better case is negative, but the optimistic case has a
positive NPV. It is concluded that the price of electricity has the biggest influence on the NPV and this
influence will increase in the future if the electrolyzers operate at higher current densities. Two other
parameters with a large influence are the cost of materials and the selling price of the products. The
CO2 tax has the lowest influence on the feasibility of the process. The conclusion from the sensitivity
analysis is that the feasibility of the process is determined mainly by market-based parameters and not
by technological-based parameters, so the process is currently not economically feasible due to market
limitations.

The main purpose of this process is to reduce the emission of CO2 in the atmosphere. All the units
in the process require a form of energy that causes an emission of CO2. The second electorlyzer and
the distillation column to separate acetic acid from ethanol, n-propanol, and water consume the most
energy. To minimize the use of energy, heat exchangers are used wherever possible for utilizing the
waste heat available in the process. From the CO2 analysis, it is concluded that the process is only
carbon negative when a sustainable energy source is used. When the energy generated comes from
nuclear or wind, then the net CO2 consumption is the highest. This, however, brings an extra challenge
to generate all energy required for the system sustainably, since current supplies of electricity from
these renewable sources fall short of delivering the high energy requirements for these processes in
the Netherlands.



7
Recommendations

Based on the results from the designed process and analysis in the previous chapters, some recom-
mendations are provided to improve the process and try to make it economically feasible.

Firstly, finding a different technique to effectively remove H2S from the gas feed stream without
using MDEA is recommended. A cheaper alternative needs to be used that can decrease the H2S con-
centration to the desired level. The techno-economical analysis will also be more realistic when another
separation technique is used since all costs are included then and nothing is neglected anymore.

Additionally, a research needs to be performed to determine the effect of change in composition
of the gas and liquid feed streams on the purification process and electrolyzers. In this research, the
composition and flow rate of both feed streams are assumed to be constant, but this will not be the
case in reality. For the composition of the liquid feed stream, water from the river Rhine is assumed
near Niewegein, The Netherlands. Water concentrations in rivers change constantly and depend on
multiple factors, such as the distance from the rivers mouth to the sea and the presence of industries
upstream. The composition of the gas feed stream varies depending on the energy source.

Furthermore, researching the influence of the electrolyte recycle on performance of electrolyzers
is crucial. Gaining a better understanding of how the recycle affects the performance can help design
and improve the electrolyzer and increase the amount of electrolyte that is recycled, which reduces
the cost for materials, purification of the liquid feed stream, and product separation. The cost for
materials will be lower since less fresh electrolyte is needed and as a consequence less KOH or KHCO3
is required. When less fresh electrolyte is needed, also the purification of the liquid feed stream can be
smaller, which saves costs. At last, with a larger recycle, the product concentration in the CO to CO2
electrolyzer will be higher which results in a smaller and cheaper to operate product separation part. It
has to be noted that, next to the increase in product concentration, also the concentration of ions that
are still present in the ultrapure water accumulate. The influence of this ion accumulation also needs
to be researched.

Next to researching the influence of the recycling of the electrolyte, more research has to be done
on finding an optimal catalyst used in the electrolyzer. The targets for an optimal catalyst are that it
has a high faradaic efficiency to the desired products and it can operate at lower potentials. From an
income point of view, acetic acid generates the highest income per mole electrons consumed. Doing
research in increasing the faradaic efficiency to acetic acid will increase the income when the same
amount of electricity is used.

In the cryogenic distillation column, ethylene is separated from uncondensable gasses. These un-
condensable gases primarily consist of CO, which is currently not recycled back to the electrolyzers.
However, in order to fully maximize the use of the available feedstock and minimize waste, the CO can
be purified, if necessary, and recycled. This leads to an increased formation of high-value products,
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which increases the income from the process.

The energy required to separate acetic acid and n-propanol is more than half of the enthalpy of
combustion of these products. This is mainly due to the energy consumption of the first distillation
column where acetic acid is removed from ethanol, n-propanol, and water. More efficient separation
techniques are needed to reduce the energy consumption or the order in which the products are sep-
arated should be changed. Therefore, more research needs to be done on separating techniques for
the separation of acetic acid, ethanol, n-propanol, and water mixtures.

Currently, oxygen is purged as a product. Oxygen has a lot of applications in the industry and
healthcare industry. Researching the composition of the gaseous exit stream can help to know and
later model this stream. With this knowledge, the required purification steps can be determined and
oxygen can be sold as a product which increases the income of the process.

For the calculation of the free on board purchase price, operating cost, and energy consumption
of the pressure swing adsorption (PSA) units, assumptions are made because of lack of information.
Additional research needs to be performed on the cost and the energy consumption of pressure swing
adsorption units. Furthermore, more research needs to be done to know what the influences of the
impurities are on the PSA units.

This process is found to be only carbon negative when the energy used is generated from sustain-
able sources. The energy consumption of this process is extremely large and a lot of extra sustainable
energy sources need to be built and placed. It needs to be investigated how the energy required for
the system can be generated using only sustainable sources, so this process can operate continuously
and constantly.

Since the electrochemical CO2 reduction process is not yet commercialized or scaled-up to indus-
trially relevant sizes, there is insufficient data available in the literature or real-life to validate the
developed large-scale process model. Hence, it is desirable to set up pilot plants and scale-up projects
to obtain the required data for the validation and for further optimization of the process model.
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Figure A.1: Model scheme of the designed process

Appendix – 1



B
Appendix B

B.1. Ultrapure water
Ultrafiltration

The flux through an UF membrane is 381 𝐿 𝑚−2 ℎ𝑟−1 according to the article used. The flow rate
through the UF membrane is 1,179,517.33 𝐿/ℎ𝑟−1. The UF membrane surface area is calculated in
Equation B.1.

𝑈𝐹 𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒 𝑎𝑟𝑒𝑎 = 1, 179, 517.33
381 = 3, 095.85 𝑚2 (B.1)

Activated Carbon

AC can adsorb 704,23 𝑚𝑔 𝑔−1 and has a density of 650 𝑘𝑔 𝑚−3. Pb2+, Zn2+ and Cl−1 are adsorbed by
active carbon. In the first AC filter, 0.0265926, 0.188122, 2047.48 𝑘𝑔 𝑑𝑎𝑦−1 of Pb2+, Zn2+ and Cl−1
are adsorbed, respectively. In the second filter, the ions have an adsorption rate of 0.00452, 0.0309
and 102.374 𝑘𝑔 𝑑𝑎𝑦−1, respectively. The volumes of active carbon beds are calculated in Equations
B.2 and B.3.

𝐴𝐶 𝑏𝑒𝑑 𝑣𝑜𝑙𝑢𝑚𝑒 = (0.0265926 + 0, 188122 + 2047, 48) ∗ 183 ∗ 1000
704, 23 ∗ 650 = 818.63 𝑚3 (B.2)

𝐴𝐶 𝑏𝑒𝑑 𝑣𝑜𝑙𝑢𝑚𝑒 = (0.00452 + 0.0309 + 102.374) ∗ 183 ∗ 1000
704, 23 ∗ 650 = 40.94 𝑚3 (B.3)

Reverse Osmosis

Four RO units are required to meet the specifications for ultrapure water. The volumetric flow rate
through each membrane is 24,690.9, 22,230.3, 20,015.4 and 18,021.2𝑚3 𝑑𝑎𝑦−1. The used membrane
has a water permeability of 41.6𝑚3 𝑑𝑎𝑦−1 for a 37𝑚2 membrane. The surface area of the membranes
are:

𝑅𝑂 𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒 1 𝑠𝑢𝑟𝑓𝑎𝑐𝑒 𝑎𝑟𝑒𝑎 = 24, 690.9
41.6 ∗ 37 = 21, 960.7 𝑚2 (B.4)

𝑅𝑂 𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒 2 𝑠𝑢𝑟𝑓𝑎𝑐𝑒 𝑎𝑟𝑒𝑎 = 22, 230.3
41.6 ∗ 37 = 19, 772.1 𝑚2 (B.5)

𝑅𝑂 𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒 3 𝑠𝑢𝑟𝑓𝑎𝑐𝑒 𝑎𝑟𝑒𝑎 = 20, 015.4
41.6 ∗ 37 = 17, 802.2 𝑚2 (B.6)

𝑅𝑂 𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒 4 𝑠𝑢𝑟𝑓𝑎𝑐𝑒 𝑎𝑟𝑒𝑎 = 18, 021.2
41.6 ∗ 37 = 16, 028.5 𝑚2 (B.7)
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Storage Tank

An one day volume tank is needed to cope with small maintenance stops. The UPW production is
736.018 𝑚3 ℎ𝑟−1, so shown in Equation B.8 a storage tank of 17,664.4 𝑚3 is needed to store UPW.

𝑆𝑡𝑜𝑟𝑎𝑔𝑒 𝑡𝑎𝑛𝑘 𝑣𝑜𝑙𝑢𝑚𝑒 = 736.018 ∗ 24 = 17, 664.4 𝑚3 (B.8)

B.2. Gas Purification
All flash drums are assumed to be pressurize vessels with a height 4 times its diameter and an average
residence time of 5 𝑚𝑖𝑛. The volumes of each flash drum is calculated in Equations B.9 to B.11.
The flow rate through each flash drum is 89.409, 82.290, 0.376 𝑚3 𝑚𝑖𝑛−1, respectively. With the
assumption that the height is 4 times the diameter, the diameter and height can be calculated using
Equation B.12. The height and diameters are 5.22 and 20.88, 5.08 and 20.31 and 0.84 and 3.37,
respectively, for flash drum 1, 2, and 3.

𝐹𝑙𝑎𝑠ℎ 𝑑𝑟𝑢𝑚 1 𝑣𝑜𝑙𝑢𝑚𝑒 = 89.409 ∗ 5 = 447.04 𝑚3 (B.9)

𝐹𝑙𝑎𝑠ℎ 𝑑𝑟𝑢𝑚 2 𝑣𝑜𝑙𝑢𝑚𝑒 = 82.290 ∗ 5 = 411.45 𝑚3 (B.10)

𝐹𝑙𝑎𝑠ℎ 𝑑𝑟𝑢𝑚 3 𝑣𝑜𝑙𝑢𝑚𝑒 = 0.376 ∗ 5 = 1.88 𝑚3 (B.11)

𝑉𝑐𝑦𝑙𝑖𝑛𝑑𝑒𝑟 =
1
4𝜋𝐷

2𝐻 (B.12)

B.3. Electrolyzers
First Electrolyzer

From the used literature and the mentioned flow rate and electrode surface area, the total electrode
surface area is calculated. The used article for the first electrolyzer said they used an electrode surface
area of 1.9 𝑐𝑚2 with a gas flow rate of 40 𝑚𝐿 𝑚𝑖𝑛−1. The gas flow in this process for the first
electrolyzer is 1,524,101.84 𝐿 𝑚𝑖𝑛−1. As can be seen from Equations B.13 and B.14, the electrode
surface area needs to be 7,239.48 𝑚2.

𝐸𝑙𝑒𝑐𝑡𝑟𝑜𝑑𝑒 𝑠𝑢𝑟𝑓𝑎𝑐𝑒 𝑎𝑟𝑒𝑎 = 1, 524, 101.84
0.040 ∗ 1.9 = 72, 394, 837.40 𝑐𝑚2 (B.13)

𝐸𝑙𝑒𝑐𝑡𝑟𝑜𝑑𝑒 𝑠𝑢𝑟𝑓𝑎𝑐𝑒 𝑎𝑟𝑒𝑎 = 72, 394, 837.40
10000 = 7, 239.48 𝑚2 (B.14)

Second Electrolyzer

The article used as a reference for the second electrolyzer mentioned an electrode surface area of 10
𝑐𝑚2 and a gas flow rate of 50 𝑚𝐿 𝑚𝑖𝑛−1. The gas flow of the second electrolyzer is 5,088,866.48
𝐿 𝑚𝑖𝑛−1. Equations B.15 and B.16 show that the electrode surface area needs to be 101,777.33 𝑚2.

𝐸𝑙𝑒𝑐𝑡𝑟𝑜𝑑𝑒 𝑠𝑢𝑟𝑓𝑎𝑐𝑒 𝑎𝑟𝑒𝑎 = 5, 088, 866.48
0.050 ∗ 10 = 1, 017, 773, 296.0 𝑐𝑚2 (B.15)

𝐸𝑙𝑒𝑐𝑡𝑟𝑜𝑑𝑒 𝑠𝑢𝑟𝑓𝑎𝑐𝑒 𝑎𝑟𝑒𝑎 = 1, 017, 773, 296.0
10000 = 101, 777.33 𝑚2 (B.16)
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Storage Tank

The average residence time in an electrolyzer is 1 𝑚𝑖𝑛. A tank volume of two times the volume of
anolyte that passes through the electrolyzer every minute is assumed to be adequate. The anolyte
flow rate through the first electrolyzer is 468.87 𝑚3 𝑚𝑖𝑛−1, so from Equation B.17, it is known that
the volume of the storage tank needs to be 937.75 𝑚3. The flow rate of the anolyte in the second
electrolyzer is 10.183.1 𝑚3 𝑚𝑖𝑛−1, so as calculated in Equation B.18, this storage tank needs a volume
of 20,366.2 𝑚3.

𝑆𝑡𝑜𝑟𝑎𝑔𝑒 𝑡𝑎𝑛𝑘 1 𝑎𝑛𝑜𝑙𝑦𝑡𝑒 = 2 ∗ 468.87 = 937.75 𝑚3 (B.17)

𝑆𝑡𝑜𝑟𝑎𝑔𝑒 𝑡𝑎𝑛𝑘 2 𝑎𝑛𝑜𝑙𝑦𝑡𝑒 = 2 ∗ 10, 183, 1 = 20, 366.2 𝑚3 (B.18)

It is assumed that the catholyte storage tank should contain an extra volume of 1 day of downstream
production besides the volume of two times the average residence time. Every day a volume of 7,402.12
𝑚3 flows to the liquid product separation. Since the catholyte and anolyte flow are equal for the second
electrolyzer, the catholyte storage tank has a calculated volume of 27,768,32 𝑚3.

𝑆𝑡𝑜𝑟𝑎𝑔𝑒 𝑡𝑎𝑛𝑘 𝑐𝑎𝑡ℎ𝑜𝑙𝑦𝑡𝑒 = 20, 366.2 + 7, 402.12 = 27, 768.32 𝑚3 (B.19)

B.4. Propanol Pervaporation
The flux through the membrane is 1.2 𝑘𝑔 𝑚−2 ℎ𝑟−1 and the flow rate through the membrane is 8,246.45
𝑘𝑔 ℎ𝑟−1.

𝑃𝑒𝑟𝑣𝑎𝑝𝑜𝑟𝑎𝑡𝑖𝑜𝑛 𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒 𝑎𝑟𝑒𝑎 = 8, 246.45
1.2 = 6, 872.04 𝑚2 (B.20)
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Appendix C

C.1. Capital Cost
C.1.1. Calculations
The prices for the units used for the production of UPW are calculated in Table C.1.

Ultrapure Water

Table C.1: Calculations for the f.o.b. purchase prices for the unit to produce UPW

Unit Formula Symbol Value (imperial) Value (metric) Cp ($) Quantity Total ($)
Ultrafiltration Cp = 25A A=membrane area (𝑓𝑡2) 33,323.42 3,095.85 833,085.50 1 833,085.50
UV treatment 1 unit for 20,000 to 100,000 𝐿 ℎ𝑟−1 1.14 million 𝐿 ℎ𝑟−1 1,185.45 12 14,225.40 [184]
Active Carbon Filter 1 Cp = 41S S=Bulk volume (𝑓𝑡3) 28,909.72 818.63 1,185,298.67 1 1,185,298.67
Active Carbon Filter 2 Cp = 41S S=Bulk volume (𝑓𝑡3) 1,445.83 40.94 59,279.19 1 59,279.19
Softener 40 to 200 dollar per cubic foot 1,615.70 45.76 177,759.91 1 177,759.91 [185]
Reverse Osmosis 1 Cbm=3.1Q Q=water volume (𝑔𝑎𝑙 𝑑𝑎𝑦−1) 7,254,190.97 27,460.10 22,487,991.99 1 22,487,991.99
Reverse Osmosis 2 Cbm=3.1Q Q=water volume (𝑔𝑎𝑙 𝑑𝑎𝑦−1) 6,525,261.02 24,700.80 20,228,309.17 1 20,228,309.17
Reverse Osmosis 3 Cbm=3.1Q Q=water volume (𝑔𝑎𝑙 𝑑𝑎𝑦−1) 5,875,001.52 22,239.30 18,212,504.70 1 18,212,504.70
Reverse Osmosis 4 Cbm=3.1Q Q=water volume (𝑔𝑎𝑙 𝑑𝑎𝑦−1) 5,289,649.08 20,023.50 16,397,912.16 1 16,397,912.16
Degasser one unit for 15 𝑡𝑜𝑛 ℎ𝑟−1 36,900.00 51 1,881,900.00 [186]
EDI One unit for max 100 𝑚3 ℎ𝑟−1 6,647.97 8 53,183.76 [187]
Storage tank Cp= 475 V0.507 V=tank volume (𝑔𝑎𝑙) 4,666,440.80 17,664.40 1,142,534.68 1 1,142,534.68

The formula for the calculation of the price of the pumps is given in Equation C.1 with 𝐹𝑡 the motor
type factor and 𝐶𝐵 the base cost. The type factor for an open, drip-proof enclosure is 1 and the base
cost is calculated using Equations C.2 and C.3 with 𝑃𝐵 and 𝑄 the break power of the pump in 𝐻𝑝 and
Q the flow rate in 𝑔𝑎𝑙 𝑚𝑖𝑛−1. The prices are calculated in Table C.2.

𝐶𝑃 = 𝐹𝑡 ∗ 𝐶𝐵 (C.1)

𝐶𝐵 = 𝑒𝑥𝑝5.9332 + 0.16829𝑙𝑛(𝑃𝐶) − 0.1100568𝑙𝑛(𝑃𝐶)2 + 0.071413𝑙𝑛(𝑃𝐶)3 − 0.0063788𝑙𝑛(𝑃𝐶)4 (C.2)

𝑃𝐶 =
𝑃𝐵

−0.316 + 0.24015𝑙𝑛(𝑄) − 0.01199𝑙𝑛(𝑄)2 (C.3)
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Table C.2: Calculations for the f.o.b. purchase prices for the pumps used in the UPW production

Unit 𝐶𝐵 𝑃𝐶 Pb (𝐻𝑝) Q (𝑔𝑎𝑙 𝑚𝑖𝑛−1) 𝐶𝑃 ($)
Pump 1 22,153.94 356.25 306.71 5,192.4 22,153.94
Pump 2 2,547.00 57.67 49.59 5,037.46 2,547.00
Pump 3 2,546.37 57.66 49.58 5,036.27 2,546.37
Pump 4 2,546.35 57.66 49.58 5,036.21 2,546.35
Pump 5 47,222.03 835.99 718.84 5035,61 47,222.03
Pump 6 44,326.31 758.66 649.38 4,529.61 44,326.31
Pump 7 41,373.68 689.73 587.51 4,078.21 41,373.68
Pump 8 38,398.51 627.49 531.73 3,671.87 38,398.51
Pump 9 16,568.82 275.78 232.41 3,306.04 16,568.82
Pump 10 1,711.49 39.40 33.21 3,306.63 1,711.49

Gas Purification

The price for the absorber columns for the gas purification are calculated in Table C.3 using Equations
C.4 to C.14.

𝑃𝐷 = 𝑒𝑥𝑝(0.60608 + 0.91615𝑙𝑛(𝑃𝐺) + 0.0015655𝑙𝑛(𝑃𝐺)2) (C.4)

𝑡𝑝 =
𝐷𝑖∗𝑃𝑑

2∗𝑆∗𝐸−1.2∗𝑃𝑑
12 (C.5)

𝑊 = 𝜋 ∗ (𝐷𝑖 + 𝑡𝑝) ∗ (𝐿 + 0.8 ∗ 𝐷𝑖) ∗ 𝑡𝑝 ∗ 𝜌 (C.6)

𝐶𝑉 = 𝑒𝑥𝑝(10.5449 − 0.4672𝑙𝑛(𝑊) + 0.05482𝑙𝑛(𝑊)2) (C.7)

𝐶𝑃𝐿 = 341 ∗ 𝐷0.633316𝑖 ∗ 𝐿0.80161 (C.8)

𝐹𝑛𝑡 =
2.25

1.0414𝑁𝑇 𝑓𝑜𝑟 𝑁𝑇 < 20 (C.9)

𝐹𝑛𝑡 = 1 𝑓𝑜𝑟 𝑁𝑇 > 20 (C.10)

𝐹𝑡𝑚 = 1.87 + 0.0577 ∗ 𝐷𝑖 (C.11)

𝐶𝑏𝑡 = 468 ∗ 𝑒𝑥𝑝(0.1482 ∗ 𝐷𝑖) (C.12)

𝐶𝑡 = 𝐶𝑏𝑡 ∗ 𝐹𝑡𝑚 ∗ 𝐹𝑡𝑡 ∗ 𝐹𝑛𝑡 ∗ 𝑁𝑡 (C.13)

𝐶𝑝 = 𝐶𝑝𝑙 + 𝐹𝑚 ∗ 𝐶𝑉 + 𝐶𝑡 (C.14)

Table C.3: Calculations for the f.o.b. purchase prices for the columns used for the gas cleaning

Unit
𝐷𝑖
(𝑓𝑡)

L
(𝑓𝑡)

Pressure
(𝑝𝑠𝑖𝑔) 𝑃𝐷 E

Max Stress (S)
(𝑝𝑠𝑖)

𝑡𝑝
(𝑓𝑡)

Density
(𝑙𝑏 𝑓𝑡3)

Weight
(𝑙𝑏) 𝐶𝑣 𝐶𝑝𝑙 𝐹𝑚 𝑁𝑡 𝐹𝑛𝑡 𝐹𝑡𝑡 Material Type 𝐹𝑡𝑚 𝐶𝑏𝑡 ($) 𝐶𝑡 ($) 𝐶𝑃 ($)

SO2 scrubber 34.878 12 10 15.24 1 15,000 0.00148 499.4 3,226.14 31,211 23,701 1.7 6 1.76 1 303 Stainless Steel 3.88247681 82,242.67 3,379,359.46 3,456,118.75
H2S srubber 29.451 10 10 15.24 1 15,000 0.00125 499.4 1,934.74 25,561 18,398 1.7 5 1.84 1 303 Stainless Steel 3.5693483 36,797.02 1,206,330.41 1,268,182.34

The price for the flash drums in the gas purification part are calculated in Table C.4 using Equations
C.15 to C.20.

𝑃𝐷 = 𝑒𝑥𝑝(0.60608 + 0.91615𝑙𝑛(𝑃𝐺) + 0.0015655𝑙𝑛(𝑃𝐺)2) (C.15)
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𝑡𝑝 =
𝐷𝑖∗𝑃𝑑

2∗𝑆∗𝐸−1.2∗𝑃𝑑
12 (C.16)

𝑊 = 𝜋 ∗ (𝐷𝑖 + 𝑡𝑝) ∗ (𝐿 + 0.8 ∗ 𝐷𝑖) ∗ 𝑡𝑝 ∗ 𝜌 (C.17)

𝐶𝑉 = 𝑒𝑥𝑝(7.139 + 0.18255𝑙𝑛(𝑊) + 0.02297𝑙𝑛(𝑊)2) (C.18)

𝐶𝑃𝐿 = 410.3 ∗ 𝐷0.7396𝑖 ∗ 𝐷210.70648 (C.19)

𝐶𝑝 = 𝐶𝑝𝑙 + 𝐹𝑚 ∗ 𝐶𝑉 (C.20)

Table C.4: Calculations for the f.o.b. purchase prices for the flash drums used for the gas cleaning

Unit Type
Di
(𝑓𝑡)

L
(𝑓𝑡)

Pressure
(𝑝𝑠𝑖𝑔) Pd E S

tp
(𝑓𝑡)

Density
(𝑙𝑏 𝑓𝑡3)

Weight
(𝑙𝑏)

Cv
($)

Cpl
($) Fm

Cp
($)

Flash drum 1 vertical vessel 17.128 68.514 10 15.24 1 15,000 0.00073 490 1,572.9 16,767 66,451 1 83,217.83
Flash drum 2 vertical vessel 16.661 66.645 10 15.24 1 15,000 0.00071 490 1,447.6 16,061 63,846 1 79,906.57
Flash drum 3 vertical vessel 2.765 11.060 10 15.24 1 15,000 0.00012 490 6.6 1,931 4,755 1 6,686.21

For the price of the coolers, Equations C.21 to C.23 with 𝐹𝐿 equal to 1 and 𝐹𝑃 equal to 0.9803 and
A the area in 𝑓𝑡2 are used. The calculations for the price of the coolers are shown in Table C.5

𝐹𝑚 = 2.7 +
𝐴
100

0.07
(C.21)

𝐶𝑏 = 𝑒𝑥𝑝(12.031 − 0.8709𝑙𝑛(𝐴) + 0.09005𝑙𝑛(𝐴)2) (C.22)

𝐶𝑝 = 𝐹𝑚 ∗ 𝐹𝑙 ∗ 𝐹𝑃 ∗ 𝐶𝑏 (C.23)

Table C.5: Calculations for the f.o.b. purchase prices for the coolers used for the gas cleaning

Unit A (𝑓𝑡2) Fm Fl Fp Cb ($) Cp ($)
Cooler 1 7,548.97 4,053480923 1 0.9803 92,436.45 367,307.99
Cooler 2 12,591.8 4,102833561 1 0.9803 138,005.39 555,058.75

The price for the other units used in gas purification process are calculated in Table C.6.

Table C.6: Calculations for the f.o.b. purchase prices of the remaining units for the gas cleaning section

Unit Formula Symbol Value (imperial) Value (metric) Cp ($) Quantity Total ($)
COS to H2S reactor CP = 2.245S^0.58 S = vessel volume (gal) 2,251,368.427 8,522.36 11,338.66 1 11,338.66
CO2 PSA 2 million $ for 200k m3/hr 296,166 2,000,000.00 2 4,000,000.00 [171]
CO2 PSA recycle 2 million $ for 200k m3/hr 211,873 2,000,000.00 2 4,000,000.00 [171]
CO PSA 2 million $ for 200k m3/hr 353,225 2,000,000.00 2 4,000,000.00 [171]
CO PSA recycle 2 million $ for 200k m3/hr 220,405 2,000,000.00 2 4,000,000.00 [171]

Electrolyzers

The prices of the electrolyzers are based on the price per 𝑘𝑊 for a hydrogen electrolyzer. The cost for
the electrolyzers per 𝑚2 are calculated using Equation C.24 using a price of $250.25 per 𝑘𝑊.[54] The
calculations for the cost per 𝑚2 are shown in Table C.7. The first and second electrolyzer both have a
CD of 300 𝑚𝐴 𝑐𝑚−2, so using the total electrode area, the total current, power and cost are calculated
as shown in Tables C.8 and C.9. The power of the electrolyzer is calculated using Equation C.25.

𝑃𝑟𝑖𝑐𝑒 𝑝𝑒𝑟 𝑚2 =
𝑉𝑜𝑙𝑡𝑎𝑔𝑒∗𝐶𝐷

1000
1000 ∗ 104 ∗ 250.25 ∗ 1.2 (C.24)
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𝑃𝑜𝑤𝑒𝑟 = 𝑉𝑜𝑙𝑡𝑎𝑔𝑒 ∗ 𝑡𝑜𝑡𝑎𝑙 𝑐𝑢𝑟𝑟𝑒𝑛𝑡 (C.25)

Table C.7: Calculations for the price of the electrolyzer per 𝑚2 with an applied voltage of 3.2 𝑉 and a current density of 300
𝑚𝐴 𝑐𝑚−2

Cost for electrolyzer 250.25 $ 𝑘𝑊−1

Electrolyzer Voltage 3.2 𝑉
Current Density 300 𝑚𝐴 𝑐𝑚−2
Installed Cost 2,882.9 $ 𝑚−2

Table C.8: Capex, current and power calculation for the first electrolyzer

Current Density: 300.00 𝑚𝐴 𝑐𝑚−2
Cell Voltage: 3.20 𝑉
Current Needed: 21,718,440.00 𝐴
Electrolyzer area: 7,239.48 𝑚2
Power Needed: 69.50 𝑀𝑊
Total cost: 20,870,552.10 $

Table C.9: Capex, current and power calculation for the second electrolyzer

Current Density: 300.00 𝑚𝐴 𝑐𝑚−2
Cell Voltage: 3.20 𝑉
Current Needed: 305,331,990.00 𝐴
Electrolyzer area: 101,777.33 𝑚2
Power Needed: 977.06 𝑀𝑊
Total cost: 293,411,829.11 $

Liquid Product Separation

In the liquid product separation section, a lot of distillation columns are used. The same equations
as for the calculations of the CapEx for the absorber columns are used for these distillation columns,
so Equations C.4 to C.14. The calculations are shown in Table C.10. The price of the cooler used is
calculated using Equations C.21 to C.23 and the calculations are shown in Table C.11. The prices for
the remaining units are calculated in Table C.12.

Table C.10: Calculations for the f.o.b. purchase prices for the columns used for the liquid product separation

Unit
𝐷𝑖
(𝑓𝑡)

L
(𝑓𝑡)

Pressure
(𝑝𝑠𝑖𝑔) 𝑃𝐷 E

Max Stress (S)
(𝑝𝑠𝑖)

𝑡𝑝
(𝑓𝑡)

Density
(𝑙𝑏 𝑓𝑡3)

Weight
(𝑙𝑏) 𝐶𝑣 𝐶𝑝𝑙 𝐹𝑚 𝑁𝑡 𝐹𝑛𝑡 𝐹𝑡𝑡 Material Type 𝐹𝑡𝑚 𝐶𝑏𝑡 ($) 𝐶𝑡 ($) 𝐶𝑃 ($)

Acetate removal column 39.790 12 10 15.24 1 15,000 0.00169 499.4 4,401.79 35,735 22,260 1.7 5 1.84 1 303 Stainless Steel 4.16588452 170,305.68 6,516,299.01 6,599,308.30
Ethanol removal column 18.399 64 10 15.24 1 15,000 0.00078 499.4 1,771.03 24,765 60,481 1.7 32 1.00 1 303 Stainless Steel 2.93160617 7,152.08 670,946.74 773,528.63
Ethylene glycol recovery column 24.068 108 10 15.24 1 15,000 0.00102 499.4 4,899.18 37,533 109,057 1.7 54 1.00 1 303 Stainless Steel 3.25872239 16,569.90 2,915,821.19 3,088,684.25
Propanol removal column 10.790 16 10 15.24 1 15,000 0.00046 499.4 190.60 14,811 14,198 1.7 8 1.63 1 303 Stainless Steel 2.49259398 2,315.95 75,112.52 114,488.38
Acetic acid separation column 16.921 50 10 15.24 1 15,000 0.00072 499.4 1,209.01 21,818 47,059 1.7 25 1.00 1 303 Stainless Steel 2.84632073 5,745.12 408,811.58 492,961.23

Table C.11: Calculations for the f.o.b. purchase prices for the cooler used for the liquid products separation

Unit A (𝑓𝑡2) Fm Fl Fp Cb ($) Cp ($)
Cooler 3 1,599.65 3,91417629 1 0.9803 36,576.11 140,344.98

Table C.12: Calculations for the f.o.b. purchase prices for the remaining unit for the liquid products separation

Unit Formula Symbol Value (imperial) Value (metric) Cp ($) Quantity Total ($)
n-Propanol pervaporation Cp = 43A A=membrane area (ft2) 242,683.80 6,872.04 10,435,403.49 1 10,435,403.49
Electro-electrodialyser One unit for 20 𝑡𝑜𝑛𝑛𝑒 ℎ𝑟−1 261 8,500.00 14 119,000.00 [188]
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Gas Product Separation

A cryogenic distillation column is used to separate ethylene from non-condensable gasses. The price
of this unit is calculated using Equations C.4 to C.14 and shown in Table C.13. It should be noted that
the gauge pressure in this unit is negative, but for gauge pressures of 0 𝑝𝑠𝑖 or lower, a gauge pressure
of 10 𝑝𝑠𝑖 should be used for price calculations.[117]

Table C.13: Calculation for the f.o.b. purchase prices for the column used to separate ethylene

Unit
𝐷𝑖
(𝑓𝑡)

L
(𝑓𝑡)

Pressure
(𝑝𝑠𝑖𝑔) 𝑃𝐷 E

Max Stress (S)
(𝑝𝑠𝑖)

𝑡𝑝
(𝑓𝑡)

Density
(𝑙𝑏 𝑓𝑡3)

Weight
(𝑙𝑏) 𝐶𝑣 𝐶𝑝𝑙 𝐹𝑚 𝑁𝑡 𝐹𝑛𝑡 𝐹𝑡𝑡 Material Type 𝐹𝑡𝑚 𝐶𝑏𝑡 ($) 𝐶𝑡 ($) 𝐶𝑃 ($)

Ethylene separation column 4.272 58 10 15.24 1 15,000 0.00018 499.4 74.48 14,039 22,167 1.7 29 1.00 1 303 Stainless Steel 2,1164763 881.42 54,099.52 100,133.14

The f.o.b. purchase price of the compressor is calculated using Equations C.26 and C.27 with 𝐹𝐷
the turbine drive factor, 𝐹𝑀 the material factor, and 𝑃𝐶 the consumed power in 𝐻𝑝. 𝐹𝐷 has a value
of 1.5 for a gas turbine drive and the compressor is made of stainless steel, so 𝐹𝑀 equals 2.5. The
compressor has a power of 7,591.19 𝐻𝑝, so the 𝐶𝑃 is $9,491,852.29.

𝐶𝑃 = 𝐹𝐷 ∗ 𝐹𝑀 ∗ 𝐶𝐵 (C.26)

𝐶𝐵 = 𝑒𝑥𝑝9.1553 + 0.63𝑙𝑛(𝑃𝐶) (C.27)

The price of the cooler used is calculated using Equations C.21 to C.23 and the calculations are
shown in Table C.14.

Table C.14: Calculations for the f.o.b. purchase prices for the cooler used for the gas products separation

Unit A (𝑓𝑡2) Fm Fl Fp Cb ($) Cp ($)
Cooler 3 1,730.37 3.920870861 1 0.9803 37,936.39 145,813.45

The only remaining unit is the H2 PSA and this unit has a price of $2,000,000.00.[171]

Heat Exchangers

Just as the coolers, the price of the heat exangers are calculated using Equations C.21 to C.23 with 𝐹𝐿
equal to 1 and 𝐹𝑃 equal to 0.9803, and A the area in 𝑓𝑡2. The prices are shown in Table C.15

Table C.15: Calculations for the f.o.b. purchase price for the heat exchangers used in the process

A (𝑓𝑡2) Fm Fl Fp Cb ($) Cp ($)
Heat exchanger 1 1,436.83 3.90508693 1 0.9803 34,858.28 133,442.96
Heat exchanger 2 340.181 3.78948111 1 0.9803 22,342.81 82,999.71
Heat exchanger 3 9,518.38 4.07562295 1 0.9803 110,196.30 440,270.92
Heat exchanger 4 84.2534 3.68807775 1 0.9803 20,740.77 74,986.67
Heat exchanger 5 126.743 3.71672775 1 0.9803 20,441.48 74,478.70
Heat exchanger 6 674.899 3.84300128 1 0.9803 26,347.98 99,260.59
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C.1.2. Table Summaries

Table C.16: Price of each individual unit for the UPW production

Unit Price ($)
Ultrafiltration 833,085.50
UV treatment 14,225.40 [184]
Active carbon filter 1 1,185,298.67
Active carbon filter 2 59,279.19
Softener 177,759.91 [185]
Reverse osmosis 1 22,487,991.99
Reverse osmosis 2 20,228,309.17
Reverse osmosis 3 18,212,504.70
Reverse osmosis 4 16,397,912.16
Degasser 1,881,900.00 [186]
Electrodeionization 53,183.76 [187]
Storage tank 1,142,534,68
Pump 1 22,153.94
Pump 2 2,547.00
Pump 3 2,546.37
Pump 4 2,546.35
Pump 5 47,222.03
Pump 6 44,326.31
Pump 7 41,373.68
Pump 8 38,398.51
Pump 9 16,568.82
Pump 10 1,711.49
Total 82,893,379.63

Table C.17: Price of each individual unit for the gas cleaning process

Unit Price ($)
SO2 scrubber 3,456,118.75
Cooler 1 367,307.99
Flash drum 1 83,217.83
COS reactor 11,388.66
H2S scrubber 1,268,182.34
Flash drum 2 79,906.57
Cooler 2 555,058.75
Flash drum 3 6,686.21
CO2 PSA 4,000,000.00 [171]
CO PSA 4,000,000.00 [171]
CO2 recycle PSA 4,000,000.00 [171]
CO recycle PSA 4,000,000.00 [171]
Total 21,827,817.11
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Table C.18: Price of each electrolyzer with storage tanks

Unit Price ($)
Electrolyzer 1 20,870,552,10 [44]
Storage tank 1 257,892.26
Electrolyzer 2 293,411,829.11 [44]
Storage tank anolyte 1,228,026.18
Storage tank catholyte 1,437,043.46
Total 317,205,343.11

Table C.19: Price of each liquid product separation unit

Unit Price ($)
Acetate removal column 6,599,308.30
Electro-electrodialyser 119,000.00 [188]
Acetic acid separation column 492,961.23
Ethanol removal column 773,528.63
Ethylene glycol recovery column 3,088,684.25
Propanol removal column 114,488.38
Propanol pervaporation 10,435,403.49
Cooler 3 140,344.98
Total 21,763,719.27

Table C.20: Price of each gas product separation unit

Unit Price ($)
H2 PSA 2,000,000.00 [171]
Compressor 9,491,852.29
Cooler 4 145,813.45
Ethylene separation column 100,133.14
Total 11,737,798.88

Table C.21: Price of each heat exchanger

Unit Price ($)
Heat exchanger 1 133,442.96
Heat exchanger 2 82,999.71
Heat exchanger 3 440,270.92
Heat exchanger 4 74,986.67
Heat exchanger 5 74,478.70
Heat exchanger 6 99,260.59
Total 905,439.54

C.2. Operating Cost
C.2.1. Calculations
For the calculations of the OpEx, an electricity price of $0.19 is used and all units operate 24 ℎ𝑟 a
day.[173]. The operating cost are divided in to parts. One is the cost to run the unit and the other is
the average cost for maintains. For all units a maintenance cost of 2.5% of the CapEx is assumed each
year, except for the ultrapure water units, where units require different maintenance and regeneration
procedures which changes the maintenance cost.
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Ultrapure Water

In the first table, all operating cost for all non-pump units are calculated. In the second table, the OpEx
for the pumps are calculated.

Table C.22: Calculations of the operating cost of all non pump units for the production of ultrapure water

Units Value Costs ($ 𝑑𝑎𝑦−1)
Ultrafiltration $833,085.50 CapEx 0.00 Pump is used
Ultrafiltration maintenance 57.06 2.5% of CapEx each year [135]
UV treatment 7.253 million gallon/day 241.19 175 kWh/million gallon [189]
UV treatment maintenance $14,225.40 CapEx 0.97 2.5% of CapEx each year
Active carbon filter 1 0.00 Pump

Active carbon filter 1
maintenance 818.63 𝑚3 bed 7,900.23

Replace bed every 6 months
with an AC price of $2,717
per ton

[190]

Active carbon filter 2 0.00 Pump

Active carbon filter 2
maintenance 40.94 𝑚3 bed 395.09

Replace bed every 6 months
with an AC price of $2,717
per ton

[190]

Softener 0.00 Pump

Softener maintenance 1616 𝑓𝑡3 bed 20.66
Replace resins after 8 years
and $70 per 𝑓𝑡3 [185]

RO 1 0.00 Pump
RO 2 0.00 Pump
RO 3 0.00 Pump
RO 4 0.00 Pump

RO maintenance
21,960.7, 19,772.1, 17,802.2,
16,028.5 𝑚2 membranes 8,837.31

Replace membrane every 4
years and membrane
cost is $170.75 per 𝑚2

[150]

Degasser 51 units 5,116.32 22 kW per unit [186]
Degasser maintenance $1,881,900.00 CapEx 128.90 2.5% of CapEx each year
Electrodionizer 18,024.9 𝑚3 per day 7,209.96 $0.40 per 𝑚3 [174]
Electrodionizer maintenance $53,183.76 CapEx 3.64 2,5% of CapEx each year

Table C.23: Calculations of the operating cost of all pumps used for the production of ultrapure water

Pumps Pressure increase (𝑏𝑎𝑟) Power (𝑘𝑊) Costs ($ 𝑑𝑎𝑦−1) Maintenance cost ($ 𝑑𝑎𝑦−1)
Pump 1 6 228.717 1,042.95 1.52
Pump 2 1 36.9814 168.64 0.17
Pump 3 1 36.9732 168.60 0.17
Pump 4 1 36.9728 168.60 0.17
Pump 5 14.5 536.042 2,444.35 3.23
Pump 6 14.5 484.242 2,208.14 3.04
Pump 7 14.5 438.109 1,997.78 2.83
Pump 8 14.5 396.513 1,808.10 2.63
Pump 9 7 173.305 790.27 1.13
Pump 10 1 24.7621 112.92 0.12

Gas Purification

All operating expenses for the absorber columns, coolers, and flash drums are obtained from ASPEN
PLUS V12. The costs for the PSA units are calculated in Table C.24.

Table C.24: Operating and maintenance costs of each unit for the gas cleaning process

Unit Value Operating cost ($ 𝑑𝑎𝑦−1)
CO2 PSA 560 𝑘𝐽/𝑚𝑜𝑙−1 per 𝑘𝑔 CO2 31.0762 𝑘𝑔 𝑠−1 79,356.18 [191]
CO PSA 560 𝑘𝐽/𝑚𝑜𝑙−1 per 𝑘𝑔 CO 46.6879 𝑘𝑔 𝑠−1 119.222,22 [191]
CO2 recycle PSA 560 𝑘𝐽/𝑚𝑜𝑙−1 per 𝑘𝑔 CO2 30.5158 𝑘𝑔 𝑠−1 77.925,15 [191]
CO recycle PSA 560 𝑘𝐽/𝑚𝑜𝑙−1 per 𝑘𝑔 CO 55.72 𝑘𝑔 𝑠−1 142,286.59 [191]
Maintenance $21,827,817.11 total CapEx 1,495.06
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Electrolyzers

Table C.25: Operating costs of both electrolyzers

Unit Value Operating cost ($ 𝑑𝑎𝑦−1)
Electrolyzer 1 69.50 𝑀𝑊 316,915.48
Electrolyzer 2 977.06 𝑀𝑊 4,455,404.40
Maintenance $317,205,343.11 CapEx 21,726.39

Liquid Product Separation

The utilities and condenser and reboiler duties are obtained from ASPEN PLUS V12.

Table C.26: OpEx of the distillation columns used for liquid product separation

Units Condenser duty (MW) Condenser untility Condenser cost ($/day) Reboiler duty (MW) Reboiler utility Reboiler cost ($/day) Total cost ($)
Acetate removal column -325.382 Cooling water (20-25) 5,959.95 325.394 LPS 53,416.7 59,376.65
Ethanol removal column -33.9425 Cooling water (20-25) 621.719 64.4928 MPS 12,258.8 12,880.52
Ethylene glycol revocery column -81.1534 Cooling water (20-25) 1,486.47 110.248 HPS 23,813.5 25,299.97
Propanol removal column -21.7641 Cooling water (20-25) 398.649 23.2565 LPS 3,817.78 4,216.43
Propanol pervaporation 5.01199 LPS 822.769 822.77
Acetic acid separation column -33.7479 Cooling water (20-25) 618.154 20.9731 LPS 3,442.94 4,061.09
Cooler 3 -4.1739 Cooling water (20-25) 76.45 76.45

THe power of the electro-electrodialyser is 35 𝑘𝑊 per 30 ton and the flow rate through this unit
is 225 ton each hour. The power of 8 units are needed, so the electicity consumption is 6,720 𝑘𝑊ℎ.
Multiplied with the electricity price gives an OpEx of $1,276.80 per day.

Gas Product Separation

The operating cost for the H2 PSA unit is $5 per 𝑘𝑔 of H2. With a total flow of 17,969.13 𝑘𝑔 𝑑𝑎𝑦−1,
the OpEx of the H2 PSA is $89,845.63 per day. The power of the compressor before the ethylene
separation column is 1,908.87 𝑘𝑊 which operates 24 hours a day. Using the electricity price, the OpEx
is $8,704.45. The operating cost for the cooler is obtained from ASPEN PLUS V12 and is $4,366.08.
The OpEx for the ethylene is also obtain from ASPEN PLUS V12, since there is no condenser and that
the inlet temperature is so low, a cooling product can be created. This generates a valuable product
which earns money, so the OpEx of the ethylene separation column is -$368.73 a day. The total CapEx
of this section is $11,737,798.88, so the daily maintenance cost is $803.86.

Heat Exchangers

The heat exchangers do not have any operating cost, but they require maintenance. The calculation
for the OpEx is found in the table below.

Table C.27: Operating cost of the heat exchangers

Unit Value Operating cost ($ 𝑑𝑎𝑦−1)
Maintenance 905,439.54 CapEx 62.02

Materials

Table C.28: The calculations of the operating cost for the used materials

Materials Price ($ 𝑡𝑜𝑛−1) mass flow (𝑡𝑜𝑛 𝑑𝑎𝑦−1) Price per day ($ 𝑑𝑎𝑦−1)
KOH 506 1,086.704963 549,872.71
KHCO3 1,400 974.85967 1,364,803.54
Ethylene glycol 1,235 81.0366 100,080.20
CaCO3 330 12.1065 3,995.15
MDEA 2,660 24,192 64,350,720.00
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C.2.2. Table Summaries

Table C.29: Operating and maintenance costs of each unit for the UPW production

Unit Operating cost ($ 𝑑𝑎𝑦−1) Maintenance ($ 𝑑𝑎𝑦−1)
Ultrafiltration 0.00 57.06
UV treatment 241.19 0.97 [189]
Active carbon filter 1 0.00 7,900.23 [190]
Active carbon filter 2 0.00 395.09 [190]
Softener 0.00 20.66 [185]
Reverse osmosis 1 0.00 2,568.35 [192]
Reverse osmosis 2 0.00 2,312.39 [192]
Reverse osmosis 3 0.00 2,082.00 [192]
Reverse osmosis 4 0.00 1,874,57 [192]
Degasser 5,116.32 128.90 [186]
Electrodeionization 7,209.96 3,64 [174]
Pump 1 1,042.95 1.52
Pump 2 168.64 0.17
Pump 3 168.60 0.17
Pump 4 168.60 0.17
Pump 5 2,444.35 3.23
Pump 6 2,208.14 3.04
Pump 7 1,997.78 2.83
Pump 8 1,808.10 2.63
Pump 9 790.27 1.13
Pump 10 112.92 0.12
Total 23,477.82 17,358.87

Table C.30: Operating and maintenance costs of each unit for the gas cleaning process

Unit Operating cost ($ 𝑑𝑎𝑦−1)
SO2 scrubber 0.00
Cooler 1 9,075.94
Flash drum 1 0.00
COS reactor 4,370.45
H2S scrubber 0.00
Flash drum 2 0.00
Cooler 2 14,790.84
Flash drum 3 7,687.21
CO2 PSA 56,017.11 [191]
CO PSA 86,412.58 [191]
CO2 recycle PSA 55,006.95 [191]
CO recycle PSA 103,129.70 [191]
Maintenance 1,495.06
Total 337,985.84

Table C.31: Operating costs of both electrolyzers

Unit Operating cost ($ 𝑑𝑎𝑦−1)
Electrolyzer 1 316,915.48
Electrolyzer 2 4,455,404.40
Maintenance 21,726.39
Total 4,794,046.27
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Table C.32: Operating costs of the liquid product separation process

Unit Operating cost ($ 𝑑𝑎𝑦−1)
Acetate removal column 59,376.65
Electro-electrodialyser 901.29 [188]
Acetic acid separation column 4,061.09
Ethanol removal column 12,880.52
Ethylene glycol recovery column 25,299.97
Propanol removal column 4,216.43
Propanol pervaporation 822.77
Cooler 3 76.45
Maintenance 775.91
Total 108,411.08

Table C.33: Operating cost of the gas product separation units

Unit Operating cost ($ 𝑑𝑎𝑦−1)
H2 PSA 89,845.63 [193]
Compressor 8,704.45
Cooler 4 4,366.08
Ethylene separation column -368.73
Maintenance 803.96
Total 103,351.39

Table C.34: Operating cost of the heat exchangers

Unit Operating cost ($ 𝑑𝑎𝑦−1)
Heat exchanger 1 0.00
Heat exchanger 2 0.00
Heat exchanger 3 0.00
Heat exchanger 4 0.00
Heat exchanger 5 0.00
Heat exchanger 6 0.00
Maintenance 62.02
Total 62.02

Table C.35: Operating cost of the used materials

Materials Operating cost ($ 𝑑𝑎𝑦−1)
KOH 549,872.71 [194]
KHCO3 1,364,803.54 [195]
Ethylene glycol 100,080.20 [196]
CaCO3 3,995.15 [197]
MDEA 64,350,720.00 [198]
Total 66,369,471.60
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Table C.36: Summary of all operating cost of different parts of the process

Unit Operating cost ($ 𝑑𝑎𝑦−1)
Ultrapure water 40,836.69
Gas feed purification 337,985.84
Electrolyzers 4,794,046.27
Liquid product separation 108,411.08
Gas product separation 103,351.39
Heat exchangers 62.02
Materials 66,369,471.60
Total 71,754,164.89

C.3. Income
The income generated by selling the products is calculated in the table below. The CO2 saving that is
saved by not emitting CO2 is also calculted using the net CO2 consumption and the current CO2 tax

Table C.37: Calculations for the total income from selling the products

Product amount produced (𝑘𝑔 𝑑𝑎𝑦−1) Price ($ 𝑘𝑔−1) Income ($ 𝑑𝑎𝑦−1)
Acetic acid 516,408 0.810 418,290.48 [199]
Ethanol 483,373 0.723 349,578.54 [200]
Ethylene 885,994 1.000 885,993.60 [201]
Hydrogen 18,183 1.100 20,001.21 [202]
n-Propanol 441,798 1.285 567,710.43 [203]
CO2 tax saving 1,964,145 0.06078 121,055.09 [175]
Total 2,362,629.35

The molecular weight of acetic acid, ethanol, ethylene, and n-propanol is 60.05, 46.06, 28.05, and
60.06 𝑔 𝑚𝑜𝑙−1, respectively. Acetic acid and ethanol both require 4 electrons, ethylene 8 electrons, and
n-propanol 12 electrons to be formed. Using the price per 𝑘𝑔, amount of electrons needed for formation
and how much 𝑚𝑜𝑙 is present in 1 𝑘𝑔, the price per mole electrons consumed can be calculated. The
calculations are shown in the table below.

Table C.38: Calculations for the income per mole electrons of each product

Molecular
weight (𝑔 𝑚𝑜𝑙𝑒−1) Income per 𝑘𝑔 𝑀𝑜𝑙𝑒 𝑘𝑔−1 Income per mole

Electrons required
to form

Income per mole
electrons

Acetic acid 60.05 0.810 16.65 0,0486 4 0.0122
Ethanol 46.06 0.723 21.71 0,0333 4 0.0083
Ethylene 28.05 1.000 35.65 0,0281 8 0.0035
n-Propanol 60.06 1.285 16.64 0,0772 12 0.0064

C.4. Net Present Value
An interest rate of 10% and an inflation of 2% each year is used. When a profit is made, a company
has to pay 25.8% tax in The Netherlands. Since the yearly profit is negative, this tax does not have to
be paid. The calculations for the base case are shown in Table C.39. The net profit, net earning, cash
flow and cumulative present value are calculated using Equations C.28 to C.31. For the calculation of
the NPV, the cost of MDEA is neglected, but in Table C.40 the NPV with the cost of MDEA is shown.

𝑁𝑒𝑡 𝑝𝑟𝑜𝑓𝑖𝑡 = (𝑇𝑜𝑡𝑎𝑙 𝑖𝑛𝑐𝑜𝑚𝑒 − 𝑇𝑜𝑡𝑎𝑙 𝑐𝑜𝑠𝑡) ∗ (1 + 𝐼𝑛𝑓𝑙𝑎𝑡𝑖𝑜𝑛)𝑌𝑒𝑎𝑟−1 (C.28)

𝑁𝑒𝑡 𝑒𝑎𝑟𝑛𝑖𝑛𝑔 = 𝑁𝑒𝑡 𝑝𝑟𝑜𝑓𝑖𝑡 ∗ (1 − 𝑇𝑎𝑥) (C.29)

𝐶𝑎𝑠ℎ 𝑓𝑙𝑜𝑤 = 𝑁𝑒𝑡 𝑒𝑎𝑟𝑛𝑖𝑛𝑔 ∗ 1
(1 + 𝐼𝑛𝑡𝑒𝑟𝑒𝑠𝑡 𝑟𝑎𝑡𝑒)𝑌𝑒𝑎𝑟 (C.30)
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𝐶𝑢𝑚𝑢𝑙𝑎𝑡𝑖𝑣𝑒 𝑝𝑟𝑒𝑠𝑒𝑛𝑡 𝑣𝑎𝑙𝑢𝑒 (𝑦𝑒𝑎𝑟) = 𝐶𝑢𝑚𝑢𝑙𝑎𝑡𝑖𝑣𝑒 𝑝𝑟𝑒𝑠𝑒𝑛𝑡 𝑣𝑎𝑙𝑢𝑒 (𝑦𝑒𝑎𝑟 − 1) + 𝐶𝑎𝑠ℎ 𝑓𝑙𝑜𝑤 (𝑦𝑒𝑎𝑟)
(C.31)

Table C.39: Calculations of the Net Present Value in the base case

Year Capital Expenses Net Profit Net Earning Cash Flow (Present Value) Cumulative Present Value
0 -4,053,751,099 -4,053,751,099 -4,053,751,099 -4,053,751,099
1 -1,808,561,115 -1,808,561,115 -1,644,146,468 -5,697,897,567
2 -1,844,732,338 -1,844,732,338 -1,524,572,180 -7,222,469,747
3 -1,881,626,984 -1,881,626,984 -1,413,694,203 -8,636,163,950
4 -1,919,259,524 -1,919,259,524 -1,310,880,079 -9,947,044,029
5 -1,957,644,714 -1,957,644,714 -1,215,543,346 -11,162,587,376
6 -1,996,797,609 -1,996,797,609 -1,127,140,194 -12,289,727,569
7 -2,036,733,561 -2,036,733,561 -1,045,166,361 -13,334,893,931
8 -2,077,468,232 -2,077,468,232 -969,154,262 -14,304,048,193
9 -2,119,017,597 -2,119,017,597 -898,670,316 -15,202,718,509
10 -2,161,397,949 -2,161,397,949 -833,312,475 -16,036,030,984
11 -2,204,625,908 -2,204,625,908 -772,707,931 -16,808,738,915
12 -2,248,718,426 -2,248,718,426 -716,510,991 -17,525,249,906
13 -2,293,692,794 -2,293,692,794 -664,401,101 -18,189,651,007
14 -2,339,566,650 -2,339,566,650 -616,081,021 -18,805,732,027
15 -2,386,357,983 -2,386,357,983 -571,275,128 -19,377,007,155

NPV ($millions)= -19,377.01

Table C.40: Calculations of the Net Present Value in the base case with MDEA considered

Year Capital Expenses Net Profit Net Earning Cash Flow (Present Value) Cumulative Present Value
0 -4,053,751,099 -4,053,751,099 -4,053,751,099 -4,053,751,099
1 -24,331,313,115 -24,331,313,115 -22,119,375,559 -26,173,126,658
2 -24,817,939,378 -24,817,939,378 -20,510,693,700 -46,683,820,359
3 -25,314,298,165 -25,314,298,165 -19,019,006,886 -65,702,827,245
4 -25,820,584,128 -25,820,584,128 -17,635,806,385 -83,338,633,630
5 -26,336,995,811 -26,336,995,811 -16,353,202,284 -99,691,835,914
6 -26,863,735,727 -26,863,735,727 -15,163,878,482 -114,855,714,396
7 -27,401,010,442 -27,401,010,442 -14,061,050,956 -128,916,765,352
8 -27,949,030,651 -27,949,030,651 -13,038,429,068 -141,955,194,420
9 -28,508,011,264 -28,508,011,264 -12,090,179,681 -154,045,374,101
10 -29,078,171,489 -29,078,171,489 -11,210,893,886 -165,256,267,988
11 -29,659,734,919 -29,659,734,919 -10,395,556,149 -175,651,824,137
12 -30,252,929,617 -30,252,929,617 -9,639,515,702 -185,291,339,839
13 -30,857,988,209 -30,857,988,209 -8,938,460,015 -194,229,799,853
14 -31,475,147,973 -31,475,147,973 -8,288,390,195 -202,518,190,049
15 -32,104,650,933 -32,104,650,933 -7,685,598,181 -210,203,788,230

NPV ($millions)= -210,203.79

C.5. Sensitivty Analysis
Both the parameters for the better and optimistic case can be found in Table 5.5. The NPV for the
better and optimistic case are calculated in Tables C.41 and C.42. Since the net profit in the optimistic
case is positive, tax is also included in the calculations for the NPV.
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Table C.41: Calculations of the Net Present Value in the better case

Year Capital Expenses Net Profit Net Earning Cash Flow (Present Value) Cumulative Present Value
0 -4,053,751,099 -4,053,751,099 -4,053,751,099 -4,053,751,099
1 -467,001,532 -467,001,532 -424,546,848 -4,478,297,947
2 -476,341,563 -476,341,563 -393,670,713 -4,871,968,660
3 -485,868,394 -485,868,394 -365,040,116 -5,237,008,776
4 -495,585,762 -495,585,762 -338,491,744 -5,575,500,519
5 -505,497,477 -505,497,477 -313,874,162 -5,889,374,682
6 -515,607,427 -515,607,427 -291,046,951 -6,180,421,632
7 -525,919,575 -525,919,575 -269,879,900 -6,450,301,532
8 -536,437,967 -536,437,967 -250,252,271 -6,700,553,803
9 -547,166,726 -547,166,726 -232,052,105 -6,932,605,908
10 -558,110,061 -558,110,061 -215,175,589 -7,147,781,497
11 -569,272,262 -569,272,262 -199,526,455 -7,347,307,952
12 -580,657,707 -580,657,707 -185,015,440 -7,532,323,392
13 -592,270,861 -592,270,861 -171,559,772 -7,703,883,164
14 -604,116,279 -604,116,279 -159,082,697 -7,862,965,861
15 -616,198,604 -616,198,604 -147,513,047 -8,010,478,908

NPV ($millions)= -8,010.48

Table C.42: Calculations of the Net Present Value in the optimistic case

Year Capital Expenses Net Profit Net Earning Cash Flow (Present Value) Cumulative Present Value
0 -4.053.751.099 -4.053.751.099 -4.053.751.099 -4.053.751.099
1 713.748.437 529.601.341 481.455.764 -3.572.295.335
2 728.023.406 540.193.367 446.440.799 -3.125.854.535
3 742.583.874 550.997.235 413.972.378 -2.711.882.158
4 757.435.552 562.017.179 383.865.296 -2.328.016.862
5 772.584.263 573.257.523 355.947.820 -1.972.069.042
6 788.035.948 584.722.673 330.060.705 -1.642.008.337
7 803.796.667 596.417.127 306.056.291 -1.335.952.047
8 819.872.600 608.345.469 283.797.651 -1.052.154.395
9 836.270.052 620.512.379 263.157.822 -788.996.573
10 852.995.453 632.922.626 244.019.071 -544.977.502
11 870.055.362 645.581.079 226.272.230 -318.705.272
12 887.456.470 658.492.701 209.816.068 -108.889.205
13 905.205.599 671.662.555 194.556.717 85.667.513
14 923.309.711 685.095.806 180.407.138 266.074.651
15 941.775.905 698.797.722 167.286.619 433.361.269

NPV ($millions)= 433,36



D
Appendix D

D.1. Energy Analysis
Table D.1: Energy content of the liquid and gas products[204]

Compound
Lower Heating
Value (𝑀𝐽 𝑘𝑔−1)

Amount produced
(𝑘𝑔 ℎ𝑟−1)

Total Energy
(𝑀𝐽 ℎ𝑟−1)

Total energy
(𝑀𝑊)

Acetic acid 14.55 21,517.00 313,072.35 86.965
Ethanol 29.67 20,140.54 597,569.82 165.992
Ethylene 50.29 36,916.40 1,856,525.76 515.702
Hydrogen 141.58 757.62 107,263.84 29.796
n-Propanol 33.62 18,408.25 618,885.37 171.913

Table D.2: Energy consumption to isolate acetic acid

Compound Total Energy (𝑀𝑊)
Acetic acid 86.965
Unit Energy consumption (𝑀𝑊) Relative energy consumption (𝑀𝑊)
Acetic acid separation column 157.192 65.098
Electro-electrodialyser 0.280 0.280
Acetic acid removal column 10.132 10.132
Total 167.604 75.510

Table D.3: Energy consumption to isolate ethanol

Compound Total Energy (𝑀𝑊)
Ethanol 165.992
Unit Energy consumption (𝑀𝑊) Relative energy consumption (𝑀𝑊)
Acetic acid separation column 157.192 54.015
Ethanol isolation column 31.155 18.273
Total 188.348 72.288
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Table D.4: Energy consumption to isolate ethylene

Compound Total Energy (𝑀𝑊)
Ethylene 515.702
Unit Energy consumption (𝑀𝑊) Relative energy consumption (𝑀𝑊)
Hydrogen PSA 14.974 11.607
Compressor 5.660 5.660
Cooler 4 5.924 5.924
Ethylene separation column -0.647 -0.647
Total 25.911 22.544

Table D.5: Energy consumption to isolate hydrogen

Compound Total Energy (𝑀𝑊)
Hydrogen 29.796
Unit Energy consumption (𝑀𝑊) Relative energy consumption (𝑀𝑊)
Hydrogen PSA 14.974 3.367
Total 14.974 3.367

Table D.6: Energy consumption to isolate n-propanol

Compound Total Energy (𝑀𝑊)
n-Propanol 171.913
Unit Energy consumption (𝑀𝑊) Relative energy consumption (𝑀𝑊)
Acetic acid separation column 157.192 38.079
Ethanol isolation column 31.155 12.882
Ethylene glycol column 53.259 53.259
n-Propanol separation column 11.235 11.235
n-Propanol pervaporation unit 2.421 2.421
Total 255.262 117.876
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E.1. CO2 Emission

Table E.1: CO2 emission from different energy sources[54]

Source g CO2/kWh
Coal 820
Nuclear 12
Wind 12
Solar 41

Coal with CCS 200
Gas 490

Table E.2: CO2 emission of each individual unit from different energy sources

Unit CO2 emmision with gas (𝑘𝑔 𝑑𝑎𝑦−1) Coal Nuclear Wind Solar Coal with CCS Percentage of all
Acid removal column 1.848.580,00 3.093.542,04 45,271.35 45,271.35 154,677.10 754,522.45 10.412%
EtOH removal column 366,387.00 613,137.43 8,972.74 8,972.74 30,656.87 149,545.71 2.064%
Ethylene Glycol revoceyr column 626,322.00 1,048,130.69 15,338.50 15,338.50 52,406.53 255,641.63 3.528%
PrOH removal column 132,121.00 221,100.45 3,235.62 3,235.62 11,055.02 53,926.94 0.744%
PrOH pervaporation 28,473.40 47,649.36 697.31 697.31 2,382.47 11,621.80 0.160%
Electrodialyzer 3,292.80 5,510.40 80.64 80.64 275.52 1,344.00 0.019%
Cooler 3 0.00 0.00 0.00 0.00 0.00 0.00 0.000%
Acid separatsion column 119,149.00 199,392.20 2,917.93 2,917.93 9,969.61 48,632.24 0.671%
Electrolyzer 1 817,308.33 1,367,740.48 20,015.71 20,015.71 68,387.02 333,595.24 4.603%
Electrolyzer 2 11,490,253.45 19,228,587.40 281,393.96 281,393.96 961,429.37 4,689,899.37 64.719%
Pumps UPW 28,137.18 47,086.71 689.07 689.07 2,354.34 11,484.56 0.158%
UV treatment 622.03 1,040.94 15.23 15.23 52.05 253.89 0.004%
Electrodionization 3,091.12 5,172.89 75.70 75.70 258.64 1,261.68 0.017%
COS reactor 237,945.96 398,195.28 5,827.25 5,827.25 19,909.76 97,120.80 1.340%
Cooler 1 185,129.00 309,807.71 4,533.77 4,533.77 15,490.39 75,562.86 1.043%
Cooler 2 301,701.60 504,888.39 7,388.61 7,388.61 25,244.42 123,143.51 1.699%
Flash 3 266,029.00 445,191.39 6,515.00 6,515.00 22,259.57 108,583.27 1.498%
CO2PSA 204,655.42 342,484.58 5,011.97 5,011.97 17,124.23 83,532.83 1.153%
CO2PSA recycle 200,964.85 336,308.53 4,921.59 4,921.59 16,815.43 82,026.47 1.132%
COPSA 315,703.58 514,538.01 7,529.82 7,529.82 25,726.90 125,497.08 1.732%
COPSA recycle 376,778.64 614,078.98 8,986.52 8,986.52 30,703.95 149,775.36 2.067%
H2PSA 176,097.44 294,693.67 4,312.59 4,312.59 14,734.68 71,876.51 0.992%
Compressor 22,448.31 37,566.56 549.75 549.75 1,878.33 9,162.58 0.126%
Cooler 4 28,607.28 47,873.41 700.59 700.59 2,393.67 11,676.44 0.161%
Absorber 1 0.00 0.00 0.00 0.00 0.00 0.00 0.000%
Absorber 2 0.00 0.00 0.00 0.00 0.00 0.00 0.000%
Ethylene sep column -7,604.50 -12,725.90 -186.23 -186.23 -636.29 -3,103.88 -0,43%
Total 17,772,193.89 29,710,991.62 434,795.00 434,795.00 1,485,549.58 7,246,583.32
Relative emission 742.16% 1,240.72% 18.16% 18.16% 62.04% 302.61%
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Table F.1: Pure component properties

Component Name Technological Data Health &Safety data
Design Systematic Formula Mol. Phase Boiling Melting Flash Liquid Vapour Auto-ignition Lower Upper MAC LD50

Weight Point Point Point Density Density Temp. Explosion Explosion Value Oral Chemical Reactivity Notes
[1] [1] [1] [2] [3] [1] Limit (LEL ) [4] [5]

𝑔/𝑚𝑜𝑙 °𝐶 °𝐶 °𝐶 𝑘𝑔/𝑚3 𝑘𝑔/𝑚3 °𝐶 % % 𝑚𝑔/𝑚3 𝑔
Carbon dioxode Carbon dioxide CO2 44,009 V -78,48 -56,50 not flammable 1101 1,977 n.a. n.a. n.a. 9000 n.a. Non reactive [205, 206]

Carbon monoxide Carbon monoxide CO 28,010 V -191,50 -205,02 -191 789 1,145 609 12,5 74,2 29 n.a.
Can react with
oxygen and water [207, 208]

Formic acid Methanoic acid HCOOH 46,025 L 100,80 8,30 69 1220 n.a. 601 14 34 10,98 280 Reducing properties [209, 210]
Formaldehyde Methanal HCHO 30,026 V -19,00 92,00 64 815,3 1,342 430 7 73 0,15 7 [211–213]
Methanol Methyl alcohol CH3OH 32,04 L 64,70 -97,60 12 792 n.a. 385 6 36 133 51,5 Highly flammable [214–217]
Methane Methane CH4 16,043 V -161,50 -182,46 -188 n.a. 0,717 537 4,4 17 n.a. n.a. Reacts with oxygen [218, 219]
Oxalic acid Ethanedoic acid H2C2O4 90,034 S n.a. 190,00 166 n.a. n.a. n.a. n.a. n.a. 1 525 Corrosive [220, 221]
Ethene Ethene C2H4 28,054 V -103,70 169,20 -136 n.a. 1,178 542,8 2,75 28,6 11500 n.a. Polymerization [222, 223]
Ethanol Ethyl alcohol C2H5OH 46,069 L 78,20 -114,10 14 789,5 n.a. 365 3,3 19 960 511 Flammable [222, 224]
Ethane Ethane C2H6 30,07 V -88,50 -182,80 -135 n.a. 1,3562 472 2,9 13 n.a. n.a. Highly flammable [225, 226]
n-Propanol Propan-1-ol C3H7OH 60,096 L 97,50 -126,00 22 803 n.a. 371 2,2 13,7 500 118,9 Flammable [227, 228]
Hydrogen Hydrogen H2 2,016 V -252,90 259,20 n.a. n.a. 0,0899 585 18,3 59 n.a. n.a. Explosive [229–232]
Water Dihydrogen monoxide H2O 18,015 L 99,98 0,00 not flammable 997 n.a. n.a. n.a. n.a. n.a. 6300 [233, 234]
Oxygen Dioxygen O2 15,999 V 183,00 -218,80 n.a. n.a. 1,429 n.a. n.a. n.a. n.a. n.a. Oxidixer [235]
Nitrogen Dinitrogen N2 28,014 V -195,80 -209,86 not flammable n.a. 1,2506 n.a. n.a. n.a. n.a. n.a. [236]
Argon Argon Ar 39,95 V -185,85 -189,34 not flammable n.a. 1,784 n.a. n.a. n.a. n.a. n.a. [237]
Hydrogen sulfide Hydrogen sulfide H2S 34,08 V -59,55 85,50 82,4 n.a. 1,363 232 4,3 46 2,3 44,38 [77, 219]
Carbonyl sulfide Carbon oxide sulfide COS 60,076 V -50,20 -138,80 n.a. n.a. 2,456 n.a. 12 29 12 59,5 Highly flammable [238–240]
Sulfur Dioxide Sulfur dioxide SO2 64,064 V -10,00 -75,50 not flammable n.a. 2,629 n.a. n.a. n.a. 5 210 [241–243]
Nitrogen dioxide Nitrogen dioxide NO2 46,006 V 21,15 -9,30 not flammable n.a. 1,88 n.a. n.a. n.a. 1,91 7000 Oxidixer [244–247]

Notes:
[1] At 101,325 𝑃𝑎
[2] Density at 25 °𝐶
[3] At 0 °𝐶
[4] According to the Dutch law
[5] Oral ingestion in (𝑔) for a male of 70𝑘𝑔 weight

Appendix – 22



G
Appendix G

Figure G.1: Heat exchange diagram

Appendix – 23



H
Appendix H

Table H.1: Concentrations of ions and oxygen after the liquid feed stream purification section

Compound Concentration (𝜇𝑔 𝐿−1)
Al3+ 8.593E-06
Ba2+ 1.838E-06
Ca2+ 8.978E-05
Fe2+ 1.195E-05
Pb2+ 0
Mg2+ 6.753E-05
Na+ 0.002769
K+ 9.273E-05
Sr2+ 9.704E-06
Zn2+ 0
NH+4 2.006E-06
H3O+ 1.307
OH− 1.168
Br− 3.976E-06
Cl− 4.880E-06
HCO−3 0.004708
CO2−3 6.994E-05
O2 2.442

Table H.2: Concentrations of gas impurities after the gas feed stream purification section

Compound Concentration (ppm)
NO2 28
SO2 16
COS 0.74
H2S 5.48
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