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Abstract

Background: Syngas fermentation is a promising option for the production of biocommodities due to its abun-
dance and compatibility with anaerobic fermentation. Using thermophilic production strains in a syngas fermentation
process allows recovery of products with low boiling point from the off-gas via condensation.

Results: In this study we analyzed the production of acetone from syngas with the hypothetical production host
derived from Moorella thermoacetica in a bubble column reactor at 60 °C with respect to thermodynamic and eco-
nomic feasibility. We determined the cost of syngas production from basic oxygen furnace (BOF) process gas, from
natural gas, and from corn stover and identified BOF gas as an economically interesting source for syngas. Taking gas—
liquid mass transfer limitations into account, we applied a thermodynamics approach to derive the CO to acetone
conversion rate under the process conditions. We estimated variable costs of production of 389 $/t acetone for a
representative production scenario from BOF gas with costs for syngas as the main contributor. In comparison, the
variable costs of production from natural gas- and corn stover-derived syngas were determined to be higher due to
the higher feedstock costs (1724 and 2878 $/t acetone, respectively).

Conclusion: We applied an approach of combining thermodynamic and economic assessment to analyze a hypo-
thetical bioprocess in which the volatile product acetone is produced from syngas with a thermophilic microorgan-
ism. Our model allowed us to identify process metrics and quantify the variable production costs for different scenar-
ios. Economical production of bulk chemicals is challenging, making rigorous thermodynamic/economic modeling
critical before undertaking an experimental program and as an ongoing guide during the program. We intend this
study to give an incentive to apply the demonstrated approach to other bioproduction processes.

Keywords: Syngas fermentation, Syngas, Biomass gasification, Basic oxygen furnace, Natural gas, Techno-economic
evaluation, Acetone, Thermophilic fermentation, Biochemical production, Corn stover

Background

Syngas fermentation for the production of fuels and
chemicals has received increasing attention during the
last years [1] and is on the way to commercialization [2].
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The fermentation of syngas to various biochemicals is
based on the use of acetogenic bacteria that can metabo-
lize carbon monoxide, carbon dioxide, and hydrogen [1].
Syngas fermentation processes on their way to commer-
cialization are typically based on carbon monoxide-rich
waste gases derived from industry [3]. Another potential
source of syngas is reformed natural gas or biogas [4]. The
use of gasified, lignin-rich waste biomass would broaden
the spectrum of feedstock used for syngas fermentation

© The Author(s) 2017. This article is distributed under the terms of the Creative Commons Attribution 4.0 International License
(http://creativecommons.org/licenses/by/4.0/), which permits unrestricted use, distribution, and reproduction in any medium,
provided you give appropriate credit to the original author(s) and the source, provide a link to the Creative Commons license,

and indicate if changes were made. The Creative Commons Public Domain Dedication waiver (http://creativecommons.org/
publicdomain/zero/1.0/) applies to the data made available in this article, unless otherwise stated.


http://orcid.org/0000-0002-7297-4379
http://creativecommons.org/licenses/by/4.0/
http://creativecommons.org/publicdomain/zero/1.0/
http://creativecommons.org/publicdomain/zero/1.0/
http://crossmark.crossref.org/dialog/?doi=10.1186/s13068-017-0827-8&domain=pdf

Redl et al. Biotechnol Biofuels (2017) 10:150

tremendously, and help replace the fossil carbon. Fur-
thermore, biomass contains a lignin mass fraction of up
to 44.5% (for woody biomass) [5]. Lignin is recalcitrant
to enzymatic hydrolysis, and its aromatic constituents are
not readily consumable by microbes. Alternatively, the
lignin fraction could be converted to syngas for biologi-
cal conversion. However, the production of syngas from
biomass would add an additional cost factor to the pro-
duction process.

A multitude of acetogenic bacteria have been described
to date [6]. Moorella thermoacetica has been initially
used to elucidate the Wood-Ljungdahl pathway (WLP)
that enables acetogens to generate energy by fixation of
CO, or CO with acetate as main product [7]. Hereby CO
can serve as carbon source and electron donor (following
Eq. 1), while CO, as carbon source requires another elec-
tron donor such as H, (following Eq. 2) [7].

4CO + 2H,0 — CH3COOH + 2COy;
A,G? = —196kJ/mol, (1)

2CO3 + 4Hy — CH3COOH + 2H,0;
A,G® = —95k]/mol )

The WLP is a well-described pathway [8]. During auto-
trophic growth, there is no net ATP generated via sub-
strate-level phosphorylation. Energy is solely conserved
in chemiosmotic processes [9]. The spectrum of enzymes
involved in the electron transport chain as well as the
type of cation used to generate the electrochemical gradi-
ent differs among acetogens. Although M. thermoacetica
is relatively well studied, the exact mechanisms of auto-
trophic energy conservation have not yet been elucidated
and different mechanisms have recently been proposed
[10-12].

The product range of M. thermoacetica is limited to
acetate but could be broadened by the introduction of
heterologous pathways. Although the development of
basic tools enabling genetic engineering has been pub-
lished [13-15], heterologous expression of industrially
relevant product pathways has not been reported for M.
thermoacetica.

An interesting heterologous product candidate is
for example acetone. Since M. thermoacetica grows
at an elevated temperature (optimum 55-60 °C [7]),
products with low boiling point such as acetone (boil-
ing point 56 °C [16]) would allow for easy, inexpen-
sive product recovery through gas stripping. Acetone
is used industrially as a solvent and as precursor of
plastics and resins [17] and has an annual production
of more than 7 million tons with a market growth of
3—4% per year [18]. The acetone market price reached
a value below 1 $/kg in 2015 [19]. The US market size
for acetone is around 1.4-10° t/year (assuming 90% of

Page 2 of 17

capacity) [20]. Acetone could be produced in M. ther-
moacetica by introducing a heterologous acetone
pathway, such as the one found in Clostridium aceto-
butylicum [21]. Using an engineered strain of M. ther-
moacetica in which the acetone pathway is expressed, it
would be possible to convert syngas into acetone at an
elevated fermentation temperature. Heterologous ace-
tone production was recently reported in a mesophilic
acetogen [22].

The production of a biochemical such as acetone from
a chosen feedstock via a heterologous pathway on a com-
mercial level is dependent on the physiology of the pro-
duction host, on process technology, and on economics.
Biological conversion of syngas to acetone is only ther-
modynamically feasible if the substrate provides enough
energy to cover the energy requirements for cell main-
tenance and growth [23-25]. Thus, metabolic pathways
have to exist to harvest the energy provided by the sub-
strate to generate net ATP. The profitability of the process
is dependent on the costs of the substrate and process-
ing costs, as well as the predicted costs to develop the
technology.

We have evaluated the process of acetone production
by gas fermentation using the thermophilic production
host M. thermoacetica in a multidisciplinary approach
in which we combine the assessment of metabolic and
economic feasibility. Techno-economic analysis of gas
fermentation in scientific literature is sparse, and to our
knowledge, no process analysis has been conducted for
syngas fermentation with a thermophilic production
strain. Few studies are published for production with
mesophilic production strains [26—28].

Furthermore, this study exemplifies the potential of
thermophiles for the large-scale production of biocom-
modities, especially those with a relatively low boiling
point such as acetone, ethanol, i-propanol, isoprene, or
methyl ethyl ketone [29].

Methods

In the present study we simulated the production of 30
kt/year acetone (<15% of the annual global growth) from
syngas using the acetogen Moorella thermoacetica as
hypothetical production host. Thermodynamic calcula-
tions and calculations regarding bioreactor design were
executed with MS Excel.

Determination of the price for syngas

We have determined the variable cost of production
of syngas derived from three different sources, namely
industrial waste gases, reformed natural gas, and bio-
mass. We implemented acid gas removal, gas reforming,
and reverse water—gas shift reaction (rWGS) to deter-
mine, from these diverse sources, the cost of syngas with
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a composition of comparable CO content. An overview
over the process steps and costs are shown in Table 1.

Industrial waste gas

The off-gas produced during the basic oxygen fur-
nace (BOF) process of steelmaking is rich in CO, has a
low content of contaminants, and is known as a suit-
able substrate for gas fermentation [30]. For this study,
we assumed that basic oxygen furnace gas comes free
of charge. According to Handler et al. [31], “steel mill
exhaust gases are not currently utilized by any United
States mills” The BOF gas with a CO content of 70 mol%
(composition of the gas in Additional file 1: Table S1)
undergoes acid gas removal [30] to increase the CO con-
tent to 81 mol%. This step leads to a price of 27 $/t CO,
which equals 7.6-10™* $/mol CO (Additional file 1: Table
S2).

Natural gas

Natural gas reforming has been around for several dec-
ades. The steam reforming process converts the meth-
ane feedstock present in the natural gas to syngas in the
presence of steam. Auto thermal reforming (ATR) offers
several advantages compared to traditional two-step
reforming such as simplicity of design and operation
as well as reduced preheating utility consumption [32].
Therefore, based on the values in the literature [32], we
assumed that the syngas is generated in a 2:1 (H,:CO)
ratio utilizing ATR. Subsequently, the syngas exiting
the reformer at 1050 °C and 25 bar pressure is cooled
prior to being sent to the rWGS reactor, which is one
of the most widely explored options [33]. This process
was simulated in SuperPro Designer®. The process con-
verts CO, and H, to CO under high temperature, based
on kinetics obtained from literature [33]. Subsequently,
the exiting gases are passed through a condenser at
3 °C to remove the large amount of water generated as
a byproduct, while the gases are sent to the fermenter.
Additional file 1: Tables S3 and S4 illustrate the break-
down of the operational costs contributing towards the
process to achieve the desired conversion. We deter-
mined a cost of 298 $/t CO (0.0084 $/mol CO) for the
production of syngas from natural gas, of which 146 $/t
CO (0.0041 $/mol CO) arise from the cost for natural
gas.

Table 1 Overview of syngas production costs
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Biomass-derived waste gas

As a third source of gas we evaluated corn stover-derived
syngas. Corn stover would be harvested within a 50 mile
radius and transported to the feedstock storage. In our
production scenario, 33% of the corn stover in the field
is harvested, and the rest has to remain on the land in
order to recover the nutrients and prevent excessive ero-
sion [34]. Information regarding feedstock and logistics
was obtained from Thompson and Tyner [35]. At the fac-
tory, the corn stover bales would be preprocessed (grind-
ing and briquetting). Data related to preprocessing were
obtained from Lin et al. [36]. The preprocessed biomass
is gasified in a fluidized bed reactor at ca. 870 °C (low
temperature gasification). The gasifier unit was selected
to have a capacity of 2000 t corn stover briquettes per
day. A mass fraction of 52% of the preprocessed feed-
stock was retained as syngas and as impurities. After
removal of impurities, the obtained syngas has a com-
position of 30% CO, 2% H,, 53% CO,, and 15% H,O
(by mass). Equipment details and the syngas composi-
tion were acquired from literature [37]. Subsequently,
a reverse water—gas shift (r'WGS) reaction and a drying
step were included to increase the CO content of the syn-
gas. The rWGS reaction and water removal were simu-
lated with SuperPro Designer® [38]. The composition of
the rWGS-treated and dried syngas, which is comparable
to the composition of the syngas derived from BOF gas
and from natural gas is shown in Additional file 1: Table
S5. The costs related to syngas production are listed in
detail in Additional file 1: Tables S6—S8. The price of corn
stover briquettes ready for gasification was determined
to be 139 $/t. Gasification was determined to be 10 $/t
preprocessed feedstock. Taking gasification, cleaning,
rWGS, and drying into consideration, 1 t of preprocessed
feedstock is converted to syngas containing 10 kmol CO.
The costs of rWGS were determined to be 0.16 $ to pro-
duce syngas containing 1 kmol CO. Therefore, the price
for syngas was 0.015 $/mol CO (536 $/ton CO).

Thermodynamics and process reaction

In the process reaction the conversion of carbon and
nitrogen sources and other reactants to the products and
cell mass is described, where the stoichiometric ratios are
determined by the conservation of elements, electrical
charge, and energy [24]. The rate of the process reaction

Source of syngas Process steps to derive cost of production $/mol CO $/tCO
BOF gas Acid gas removal 0.00076 27
Natural gas Feedstock, steam reforming, rwGS 0.0084 298
Corn stover Feedstock, logistics, preprocessing, gasification, r'WGS 0.015 536
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(in C-mol/h) is dependent on the specific growth rate and
maintenance energy requirements of the microorgan-
ism. To obtain the process reaction, firstly the catabolic
reaction of product formation was set up, with v; as the
reaction coefficient of each reactant i. Then, the Gibbs
energy of the catabolic reaction at standard conditions
(T = 25°C, ¢, = 1 M), A,G’ was determined using the
Gibbs energy of formation, A¢ G?, of the reactants (Eq. 3).

AGOkJ/mol] = v - AGY. 3)

Additionally, the reaction enthalpy A,H’ at standard con-
ditions was determined using Eq. 4.

AHO[K]/mol] = " v; - AcH). (4)

The values of AfGo and AfHO are listed in Additional
file 1: Table S9. The Gibbs energy of the reaction, A G,
was corrected for the process temperature 7' [K], apply-
ing the Gibbs—Helmholtz equation (Eq. 5).

A,GT[k]/mol] = A,G° - (T/298.15K) + A,H°
x (1 — T/298.15K),

A,G” was further corrected for the concentration of the
gaseous substrate and the concentration of the products
in the fermentation broth using Eq. 6 [39], with the con-
centration of each reactant i to the power of its stoichio-
metric coefficient v;.

&)

AGT[J/mol] = A,GT +R-T-In(c[') - 107, (6)

Subsequently, the Gibbs energy normalized to one mol of
carbon source was determined by dividing A,G** by the
stoichiometric coefficient v of the carbon source.

The energy released by the catabolic reaction is
required for cell growth and maintenance. Hence, the
anabolic reaction, describing cell mass formation, was
set up, using C;H,; OsN;, (M = 24.6 g/C-mol) as an
approximation for the ash-free cell mass composition
[24].

The energy requirement for autotrophic growth
of 1 C-mol cell mass, a; amounts to approximately
1000 kJ/C-mol [23]. Using this value, the catabolic reac-
tion rate that is required to supply the energy required
for the growth of 1 C-mol cell mass, can be derived. The
anabolic and catabolic reactions normalized to 1 C-mol

of cell mass were combined to obtain the overall reaction

. s 1. . . h
of growth, with the stoichiometric coefficients v?mm .

To determine the amount of substrate that provides
the energy which is required to maintain the cell mass,
an approximation for the maintenance energy require-
ment (mg) was needed. Tijhuis et al. provided data on
the maintenance energy requirement for a large range of
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aerobic and anaerobic bacteria and concluded that the
value of mg is mainly influenced by the process tempera-
ture and that the influence of carbon source and strain
is negligible [40]. An approximation for the temperature
dependency of m for anaerobic bacteria according to
Tijhuis et al. is shown in Eq. 7.

mGIKJ/C-mol/h] = 3.3 - el(~69:400/R)(1/T~1/298.15K)],
@)

In this way the catabolic reaction providing enough
energy to maintain 1 C-mol cell mass could be formed
(with the stoichiometric coefficients vimai“).

Finally, to obtain the process reaction, the cell mass-
specific rates (g-rates) of production and consumption
of every compound, including the heat released by the
reaction, were determined by adding up the catabolic and
anabolic sub-reactions (Egs. 8, 9).

¢;[C-mol/h] = virnain - vingth» ®

Gheat[KJ/h] = AHmain + 1+ AHgrowth- )

Bioreactor

A bubble column reactor with a defined height of 30 m
and a diameter of 6 m was chosen for the study (reactor
volume of 848 m®). On the one hand the reactor height
should be maximized to reach a high substrate conver-
sion [41], thereby reducing the number of reactors, and
thus the capital cost required to meet the desired pro-
duction metrics. On the other hand, the reactor height
was kept well below the practical limit of 40 m of con-
ventional bioreactors [42]. We chose a height to diameter
ratio (aspect ratio) of 5, which is a typical value for bub-
ble column reactors in an industrial setting [42].

The pressure in the top part of the reactor (p,) was set
to atmospheric pressure (101,325 Pa). The pressure at the
bottom of the reactor (p,) equals the sum of the pres-
sure in the top part of the reactor (p,) and the hydrostatic
pressure and is therefore a function of the broth volume:
using the height of the ungassed liquid column (%), the
broth density p (assumed to equal the density of water
since the concentration of cell mass and other com-
pounds is relatively low, as will be discussed below), and
the gravitational constant g, p, were determined (Eq. 10).
The back pressure asserted by the gas compressed into
the reactor was neglected.

polPal=pt+h-p-g. (10)

The logarithmic mean pressure (p) in the reactor vessel
was obtained using Eq. 11 [43].

plPal = (g, — po)/ In(pv/po). (in
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Gas-liquid mass transfer
The average rate of gas flow (F,,) was obtained using
Eq. 12.

Fay[m®/h] = [(Rin + Rout) - 0.5- R - T]/p. (12)

The pressure-corrected average superficial gas velocity
Vg is dependent on the averaged volumetric gas flow rate
through the broth column and the cross-sectional area
of the reactor (Eq. 13) [43]. Parameters influencing the
average superficial gas velocity v, (compare Additional
file 1: Figure S2) were chosen such that vg, did not exceed
0.15 m/s, which is a conventional value for bubble col-
umn reactors with a diameter of up to 10 m [44].

Vgs[m/s] = Fm//A/3600 (13)

The gas has to be transferred across the gas—liquid
interfacial area around the gas bubbles. The liquid-
phase mass transfer coefficient k; and the interfacial
area a are both dependent on physical properties and
on operation conditions, but are usually merged in
their empirical cross-product, kja [45]. The value of
kia was corrected for the process temperature using
Eq. 14 and a temperature correction factor 6 = 1.022
[46].

kiall/s] = kLa(20°C) - T ~29315K, (14)

The volumetric mass transfer coefficient k;a can be
derived using Eq. 15 (derivation: see Additional file 1).

kia(20°C)[1/s] = 0.32 - (D;/Do,)*” - (vgs)0'7.
5)

The diffusion coefficient D was obtained by correcting
the standard diffusion coefficient D° for the process tem-
perature T, using the dynamic viscosity at 298.15 K, y°
(Eq. 16).

Dlem?/s] = (T /298.15K) - (u"/ur) D% (16)
The values for 4#° at 298.15 K and y at the process tem-
perature were obtained with the Gas Viscosity Calcula-
tor online tool [47]. The values for D° were obtained from
[48] and are, as well as the values for /40, listed in Addi-
tional file 1: Table S10.

The gradient between the concentration of a compound
in the gas phase and in the liquid phase serves as the driv-
ing force for the gas to overcome the gas—liquid interface
[45]. The rate with which the gas enters the liquid phase,
the transfer rate (TR), was calculated according to [45],
using the dissolved gas concentration at equilibrium (c*)
and the average concentration in the liquid phase (¢))
shown in Eq. 17. It was assumed that ¢, of CO equals 1%
of c* due to the constant uptake by the microorganisms.
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TR[mol/m?/h] = kpa - (¢* —¢)) = kpa - 0.99 - c*.
(17)

The concentration of CO, in the liquid phase was calcu-
lated under the assumption that in a steady state the vol-
umetric production rate of CO, by the cell mass, which
follows the process reaction and Vj;,, equals the transport
of CO, from the liquid phase to the gas phase, according
to Eq. 18.

Rco,[mol/m?/h] = kpa - (c* — qp. (18)

The dissolved gas concentration at equilibrium (c*) is
dependent on the solubility of the gas (expressed in Hen-
ry’s constant). The value of c¢* was calculated with the
mol-fraction of the incoming gas y, the temperature-cor-
rected Henry’s law constant Hy [49], and the logarithmic
mean pressure (p) using Eq. 19.

¢*[mol/m®] = Hr -y - p. (19)

To obtain the temperature-corrected Henry’s law con-
stant Hr, the constant for solubility in water at standard
temperature (H°) was corrected for the process tempera-
ture T using the correction factor k (Eq. 20) [49]. The val-
ues of H® and k are listed in Additional file 1: Table S10.

Hr[mol/m?/bar] = HO . elk (1/T)=(1/298.15K0)] _ 103,
(20)

The gas holdup of the reactor (¢) describes the average
volume fraction of the gas in the reactor and was calcu-
lated using the superficial gas velocity vgg according to
[50] (Eq. 21). We assumed that the headspace volume is
negligible.

£=06- (vgs)‘”. 1)
Gas compression
The inflow of fresh syngas into the reactor needs to be
compressed. The power required to compress the gas was
calculated using Eq. 22 (isentropic gas compression) [51].
We assumed an efficiency of 70%, which is the lowest
value for isentropic efficiencies [51].

y—-D/y
y
.pl.vl.[(m> _1]
y—1 p1

x (100/70).

P[W] =

(22)

The syngas stream from the reforming unit enters the
compressor with atmospheric pressure (p; = 101,325 Pa).
The gas is introduced at the bottom of the reactors.
Therefore the discharge pressure p, equals py, the pres-
sure at the bottom of the reactor. The ratio of the specific
heat capacity at constant pressure (c,) and at constant
volume (c,) is designated as y (Eq. 23) [51].
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‘p
cv

y = (23)

The specific heat capacities at constant pressure (c,) and
at constant volume (c,) for the gas mixtures were deter-
mined using Eqs. 24 and 25 [52].

Cp = Zyicp,i;

Cy = g YiCv,i-
The values of ¢

i and ¢,; are listed in Additional file 1:
Table S11. In order to increase the overall conversion
efficiency, a part of the off-gas from the downstream pro-
cessing unit is recycled to the reactor. Compression of the
recycled gas is described in the product recovery section.

(24)

(25)

Product recovery

Off-gases from the fermenter comprise CO,, N,, H,O,
acetone, as well as unused CO and H,. Process simula-
tors (AspenPlus® [52] and SuperPro Designer® [38]) were
used to simulate and validate the costs pertaining to the
product recovery and to estimate the energy consumed
by various process configurations [38]. The first step in
the product recovery scheme was to separate the ace-
tone—water mixture from the gases in the outlet of the
fermenter. In order to achieve the desired separation, a
condenser was simulated at 283 K and 22 atm (a com-
pressor and cooler precedes the condenser to achieve this
condition). Based on the simulated schemes, all CO, N,,
and H, are removed from the top of the condenser as a
gas, while water and acetone are recovered from the bot-
tom as liquid condensate. However, a fraction of CO, is
dissolved along with the condensate. The vapor stream
from the condenser at 22 atm needs to pass through a
turbine, followed by a heater to match the feed condi-
tions to the fermenter. Although the overall scheme is
not heat integrated, the heat is recovered from the pre-
vious cooling operation (cooler preceding the condenser)
rather than introducing fresh utility to supply utility for
the heater. Since the three components (acetone, water,
and dissolved CO,) present in the mixture can be sepa-
rated by exploiting their relative volatilities, distillation
is selected for subsequent purification. In this study, the
evaluated schemes were run to achieve higher prod-
uct concentrations with minimal losses. Simulations
were performed on configurations with varying condi-
tions (see Additional file 2). To achieve a higher level of
purity, a process scheme with two distillation columns
was employed. The first distillation column was used to
remove most of the CO, from the liquid mixture, while
the second one is utilized to recover the product acetone,
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with high purity (greater than 99.1%) as a distillate frac-
tion. Additional file 1: Table S12 summarizes the process
configurations and the preliminary design choices made
to achieve this separation. Additional file 1: Figure S1
shows the process flow diagram of the downstream pro-
cessing unit.

Heat balance

The net rate of heat generation by fermentation was set
up (Eq. 26), taking into consideration the heat released by
the process reaction, the heat generated during compres-
sion of the fresh syngas, and the cooling effect of acetone
and water evaporation. The heating/cooling require-
ments for condensation and distillation from the off-gas
were accounted for in the simulation of downstream pro-
cessing, as described above.

evap

AHpet = AH, + AHgas © + AHppotone + AH e

acetone (26)
The contribution of the compression of the fresh gas and
the recycled gas to the net heat balance was calculated

using Eq. 27 [34].

AH®™P [KJ/h] = R; - ¢y - (T — T). 27

The specific molar heat capacity at constant volume, c,,
was determined using Eq. 25. The temperature of the
compressed gas (T,) was determined with Eq. 28 [51].

Ty =T - (pa/p)" V7.

The fresh syngas has a temperature of 7; = 297 K.

The extent of the cooling effect for compounds enter-
ing the vapor phase (AH®"*P) was calculated for water and
acetone. AH®"* was determined by multiplying the rate
of acetone or water evaporation (in mol/h), respectively,
and the heat of vaporization AHiV * at 60 °C (Eq. 29). For
AH, lv *P values see Additional file 1: Table S13. The amount
of acetone entering the vapor phase per hour equaled the
hourly acetone production rate.

(28)

AH® [K]/h] = R'*? - AH; ™. (29)

The rate of water evaporation was determined using
Raoult’s law [52]. The value of p*® is listed in Table S13.

vap _ pout (, vap
Ri1,0 = Reotal * (PHZO/Pt)-

(30)
After summing up the aforementioned values (Eq. 26),
the net heat generated by fermentation, AH,, (in kJ/h),
was used to calculate the hourly cooling water require-
ment R, (Eq. 31) using the molar heat capacity of
water ¢, and the temperature difference AT between the
process temperature and the temperature of the chilled
water.

Repin[mol/h] = AHpet/cp - AT. (31)
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Product concentration

Since a steady-state system was assumed, the acetone
concentration in the fermentation broth was calculated
under the assumption that the rate of production (R,)
equals the rate of acetone leaving the reactor with the
off-gas (F,,,). Equation 32 was used to obtain the partial
pressure of acetone (p,.etone) in the off-gas.

Fout . (pacetone/p) : (}’Z/V)
= Fout * (pacetone/p) : (P/R -T) = Rp- (32)

Using the Henry’s solubility constant of acetone, H®, the
acetone concentration in the fermentation broth (¢,etone)
could be derived from its partial pressure p,.q;one (Eq- 33)-

Cacetone [mOI/mB] = Pacetone * HT acetone- (33)

Cell mass concentration and productivity

The amount of cell mass (in C-mol) follows the specific
product formation rate (g,) and the total acetone produc-
tion rate (RP) (Eq. 34).

ncm[C-mol] = R, /qp. (34)

Subsequently the cell mass concentration c,; could be
determined (Eq. 35).

cCM [C—mol/m3]

= nCM/Vliq = nCM/((l — &) * Vieactor)- (35)

Determination of the variable production costs

When translating utilities into costs, the calculations
were based on an electricity cost of 0.08 $/kWh, which
is the average industrial electricity price in the state of
Indiana in 2014 [53]. The cost for chilled water (4 °C)
of 0.05 $/m> was derived from the SuperPro Designer®
database.

Results

This study has been based on a hypothetical facil-
ity located in the Midwest of the US. The syngas is fed
into a bubble column reactor with a height of 30 m and
diameter of 6 m in which the production strain converts
the gaseous substrate into acetone as the sole product.
Acetone leaves the reactor with the off-gas and is recov-
ered in subsequent condensation and distillation steps
(Fig. 1). The annual production was set to 30 kt/year, with
330 days per year plant operation, the production has
to be at least 3.79-10° kg/h in order to reach the desired
production metrics. The study was conducted in a multi-
level approach consisting of the following three parts:
bacterial physiology, bioreactor design, and cost analysis
(Fig. 2). Those parts were implemented such that the out-
put of thermodynamic calculations is directly connected
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Fig. 1 Process overview for the biological production of acetone
from syngas. The fresh CO-rich gas is mixed with recycled gas and
introduced into the reactor at the flow rate R,.. The recycled gas
leaves the condensation unit with high pressure and is passed
through a turbine (T) to adjust the pressure and to generate electric-
ity, while syngas requires compression (C). The bubble column reac-
tor has a height of 30 m and a diameter of 6 m. CO entering the liquid
phase is assumed to be completely converted to acetone by the
production strain Moorella thermoacetica. Acetone leaves the reactor
with the off-gas; acetone and evaporated water are condensed and
then separated in a distillation step. The water from the product
recovery is recycled in the reactor

with the reactor design and cost estimations and vice
versa.

Prior to the model implementation we studied the met-
abolic pathways of M. thermoacetica to analyze which
components of the syngas can serve as substrate for ace-
tone production and the theoretical conversion yield as
described in more detail below. We determined the cost
for three different syngas sources and rejected those that
are, based on the feedstock unit cost and the theoretical
yield, not economically viable.

In the first part of the model (Fig. 2), we applied the
principle of anaerobic product formation, maintenance,
and growth to derive the substrate conversion rate. In the
second part, the bioreactor design was taken into account
to determine the amount of substrate that is available to
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Thermodynamics

maintenance

substrate product

growth

Parameters Parameters

Maintenance energy requirement Reactor size
Growth energy requirement Gas inflow
Growth rate
Variables Variables
Concentration of reactants
Output Output

Rate of product formation

Bioreactor

$ $

OO

Syngas composition
Gas recycle rate

Gas liquid transfer rate

Cost analysis

Parameters
Costs syngas production
Costs process utilities
Variables
Gas flow rates
Fermentation heat balance
Output

Variable costs of production

Fig. 2 Study approach. The presented model to estimate the variable costs of acetone production from CO with M. thermoacetica can be broken
down into 3 parts. Thermodynamics: assuming an energy requirement of 62 kJ/C-mol/h for maintenance, and 1000 kJ/C-mol for growth, and a
specific growth rate of 0.10 h~!, the process reaction was established. The process reaction, which describes the rate of conversion of CO, H,0, and
the nitrogen source to CO,, cell mass, and acetone, is depending on the concentration of the reactants. The concentration of the gases and acetone
in liquid was determined by taking gas-liquid mass transfer limitations into account. Bioreactor: the reactor dimensions (30 m height, 6 m diam-
eter), the gas inflow rate R,,, and the composition of the syngas were fixed. The gas transfer rate into the liquid under the chosen process conditions
was determined depending on the ratio of fresh and recycled gas. The gas transfer rate determines the amount of substrate that is available to

the cell mass and was used as input in the process reaction. For the thermodynamic calculations and calculations on gas-liquid mass transfer, the
process temperature of 60 °C was taken into account. Cost analysis: the production rate of the whole plant was set to 30 kt/year and determined
eventually the sizing of the plant as well as the variable costs of production

the cell mass. We identified parameters related to fer-
mentation and plant sizing and estimated in the third
part of the study the variable costs of production.

ATP yield for production of acetone

CO, CO,, and H, are the main components of syngas. M.
thermoacetica can grow autotrophically with CO as car-
bon source and electron donor, or with CO, as carbon
source and H, as electron donor [7]. Whether CO and
H,/CO, can serve as substrate for the production of ace-
tone is dependent on the net ATP production of the con-
version. Figure 3 shows an overview of the pathways from
H,/CO, or CO, respectively, to acetyl-CoA and acetone.
Based on the mechanism of energy generation in M. ther-
moacetica proposed by Schuchmann and Miller [11],
no ATP would be produced per mol acetone for growth
on H, and CO,. However, for growth on CO as carbon
and energy source, 1 mol ATP would be gained per mol
of acetone. Hence, as there is no net gain of ATP when
CO, serves as carbon source with H, as electron source,
we assumed that only CO can serve as substrate for the
production of acetone. Alternative scenarios, which
would allow the utilization of H,/CO, alongside CO, are
addressed in the discussion section. When CO serves
as the only carbon source, 1 mol acetone is produced

from 8 mol CO; the theoretical carbon yield is therefore
0.125 mol acetone/mol CO.

Syngas sources

The CO-rich gas feed can be derived from various
sources. We estimated the cost of syngas with a CO con-
tent of 33-38 mol/m? derived from industrial waste gas,
natural gas, and biomass. The theoretical conversion
yield was used to identify syngas sources that have the
potential to be utilized for an economically viable biolog-
ical production of acetone.

As shown in Table 1, we estimated a cost of 7.6-10~* $/
mol CO (27 $/t CO) for off-gas from a BOF process in
the steelmaking industry after acid gas removal. With a
carbon yield of 0.125 mol acetone/mol CO, the costs for
the substrate would equal 0.11 $/kg acetone, which is
10-25% of the recent acetone selling price. For syngas
derived from natural gas (0.0084 $/mol CO or 298 $/t), a
conversion of CO to acetone by the maximum theoretical
yield of 0.125 mol acetone/mol CO would lead to a sub-
strate cost of 1.16 $/kg acetone, which is above the recent
acetone selling price. For the production of syngas with a
high CO content from corn stover, multiple process steps
are required. The price for syngas was determined to be
0.015 $/mol CO (536 $/ton CO). Taking into account the
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H,/CO,— acetone CO — acetone
200, 2co, 2C0, 2cCO
4 NADPH— l 4 NADPH—> 1
4 NADH—» s 4 NADH— -
2 ATP—> co 2 ATP—> co
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2 ac-CoA 2 ac-CoA
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ac-CoA

co,
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8H, + 3 CO,—» 1 acetone + 0 ATPl |8 CO — 1 acetone + 5 CO,+ 2 ATP|

Fig. 3 ATP generation for acetone production as the sole end
product. According to the mechanism of energy conservation for
autotrophic growth in M. thermoacetica, 1 mol ATP, 2 mol NADH, and
NADPH each, are required in the Wood-Ljungdahl pathway (WLP) for
the fixation and conversion of CO, to acetyl-CoA. When CO, serves as
carbon source, reduced ferredoxin is required to reduce CO, to CO.
This mol reduced ferredoxin which is additionally available to the cell
when CO serves as electron donor and carbon source, which explains
the ATP generation when CO serves as substrate. acac acetoacetate,
acac-CoA acetoacetyl-CoA, ac-CoA acetyl-CoA, ac-P acetyl phosphate,
ATP adenosine triphosphate, CODH/ACS CO dehydrogenase/acetyl-
CoA synthase, ECH membrane-associated [NiFe]-hydrogenase, Fd
ferredoxin (oxidized form), Fd”~ ferredoxin (reduced form), HydABC
electron-bifurcating ferredoxin- and NAD-dependent [FeFe]-Hydro-
genase, NAD™ nicotinamide adenine dinucleotide (oxidized form),
NADH nicotinamide adenine dinucleotide (reduced form), NADP*
nicotinamide adenine dinucleotide phosphate (oxidized form),
NADPH nicotinamide adenine dinucleotide phosphate (reduced
form), NfnAB electron-bifurcating transhydrogenase

theoretical conversion yield, the substrate-related cost of
2.1 $/kg acetone would make the process economically
uninteresting. Therefore, only syngas derived from BOF
gas has the potential to be economically viable.

Thermodynamics and bacterial physiology

For the simulated scenario, the process temperature
was set to 60 °C, which is within the optimal range for
M. thermoacetica (55-60 °C) [7]. Growth profiles of M.
thermoacetica on CO have previously been published by
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Kerby and Zeikus [55]: We extracted data from Fig. 2 of
the publication (using WebPlotDigitizer [56]), and deter-
mined a specific growth rate of around 0.10 h™!, which
we used for this study.

The Gibbs free energy released by the reaction of CO to
acetone amounts to —323 kJ/mol under standard condi-
tions (Eq. 36). The standard molar Gibbs energy of for-
mation AG" of the single reactants is listed in Additional
file 1: Table S9.

8CO + 3H,0 — 1C3HgO + 5CO5:
A,G° = —3.22.8kJ/mol.

The Gibbs energy of the reaction was corrected for the
process temperature of 60 °C (using Eq. 5) to obtain
A,GT = —305.0 kJ/mol. A,G” was subsequently corrected
for the concentration of the reactants (using Eq. 6) to
obtain A,G”¢, the Gibbs energy of the reaction at process
conditions. The concentration of the reactants changes
with the chosen fermentation parameters such as gas
flow and gas recycle rate. However, due to the low CO,
but high CO, concentration in the fermentation broth,
the absolute value of A,G”¢ is lower than that of A, G”.

The Gibbs energy A,G** released during product for-
mation is used by the cell mass for maintenance and cell
growth [24]. The rate of substrate conversion for prod-
uct and cell mass formation under the respective process
conditions is eventually summarized in the process reac-
tion. Box 1 exemplifies how the process reaction can be
derived.

(36)

Box 1. Process reaction (CO to acetone)

Catabolic reaction (Egs. 3, 4); in mol: —8 CO — 3H,O+
1 CgHGO +5 COZ;

A,G® = —322.8k]/mol; A,H® = —475.5k]/mol

Correction for process temperature 7 = 333.15 K
(Eq. 5):

AGT = AGY - (T/298.15K) + AH® - (1 — T/298.15K)
= —322.8 kJ/mol - (333.15 K/298.15 K)
+ (—475.5 kJ/mol) - (1 — 333.15 K/298.15 K)
= —305.0 kJ/mol.

Correction for concentration of the reactants accord-
ing to Eq. 6; for ¢,.eione = 0.50 M; cco = 0.001 M;
¢co,=0.003 M

AGT = AGT +R- T In(c}") - 1073
— —305.0 kj/mol + 8.3145 J/K/mol - 333.15 K
‘In (0.501 .0.00178 - 0.0035) 1073
= —269.7 kJ/mol
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Gibbs free energy per mol substrate:

AGco = (—269.7 k] /mol)/8 = 33.71 k] /mol.

Anabolic reaction (1); in mol:

—2.1CO — 0.60 H0 — 0.20NH; + 1.0 CH;.8005No2+
1.1CO2 4 0.20H™.

Maintenance energy requirement: 7 = 62 kJ/C-mol/h.
Ratio of maintenance energy requirement and Gibbs
free energy per mol substrate: mg/AGo = 1.8.
Maintenance reaction (2): catabolic reaction to main-
tain 1 mol of cell mass per hour; in mol/h:

—1.8CO — 0.68 H,O + 0.23 C3H¢O
+1.13CO3 + 1.1 - 102 kJ/h.

Growth energy requirement: ag = 1000 kJ/C-mol.
Ratio of growth energy requirement and Gibbs free
energy per mol substrate: ag/AG-g = 29.66.

Catabolic reaction to provide energy to grow 1 C-mol
of cell mass (3); in mol:

—29.66 CO —11.12 H,O + 3.71 C3HgO
+18.54 COy + 1759 KJ.

Growth reaction: combination of anabolic (1) and cat-
abolic reaction (3) for growth of 1 mol cell mass (4); in
mol:

—32CO — 12H,O — 0.20 NH; + 1.0 CHy.8005No.2
+3.71 C3HgO + 19.64 CO, + 020 HT + 1.8 - 10%K].

Process reaction (with # = 0.10 h™') according to
Eq. 8:

Combination of maintenance reaction (2) and growth
reaction (4); g-rates in mol/h:

(—1.8 — 32-0.10) CO + (—0.68 — 12 - 0.10) H,O
+ (—0.2-0.10) NH + 1-0.10 CH; 3005No2
+(0.23 +0.10 - 3.71) C3HgO
+ (1.13 + 19.64 - 0.10) CO, + (0.2 - 0.10) HT
+ (14 -10* + 1.8 -10% - 0.10) kj/h

= —5.0 CO — 1.9 H,O — 0.02 NH} + 0.10 CH; §005No2
+0.60 C3HgO + 3.1 COy + 0.02 H + 1.6 - 10* kJ /h.

Process reaction per mol of acetone; in mol/h:

—8.3CO — 3.2 HO — 0.03 NH; + 0.17 CH; §005No.2
+ 1.0 C3HgO + 5.2 COy + 0.03 HT + 2.7 - 10% kJ /h.
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Bioreactor considerations

The given reactor size, the operating pressure and tem-
perature, and the syngas flow rate determine the transfer
capacity of the gases into the broth. The amount of gas,
which is available to the cell as substrate, is restricted
by the low solubility of the gases. Hence, the gas—liquid
mass transfer most likely becomes the rate-limiting step
of the syngas-to-acetone conversion. As shown in Fig. 1,
the gas at the molar flow rate R, (in mol/h) is compressed
into the bioreactor at the bottom of the reactor, at pres-
sure py. The kja for CO was determined (using Eqs. 12—
15) and the gas transfer rate of CO into the liquid was
calculated using Eq. 17 under the assumption that the
CO concentration is kept low by the constant uptake by
the production host, and it was therefore estimated to
be 1% of c*(CO). The concentration of CO, in the liquid
phase was calculated using Eq. 18, with the CO, produc-
tion rate from the process reaction. The rate at which
CO enters the liquid phase was obtained by multiplying
the CO transfer rate TR(CO) with the liquid volume Vj;.
Box 2 shows an example of how the transfer rate of CO is
calculated.

The gas leaving the bioreactor consists of gas which was
not absorbed into the liquid phase and of CO,, which is
produced by M. thermoacetica during the conversion of
CO to acetone. Additionally, the off-gas contains the pro-
duced acetone and water. Acetone and water are removed
from the off-gas in a condensation step. Acetone is sepa-
rated from the water in a subsequent distillation step.

We accounted for the loss of product when determin-
ing the number of reactors required to meet the desired
hourly production (8% of the product is lost in the down-
stream processes). Additional product losses which
occur in the steps from the purified to the final shipped
products, for example during packaging, were neglected.
The product recovery was simulated as described in the
methods section. In our simulation, the water separated
from the acetone was recycled to the reactor.

The off-gas from the condensation/distillation step,
consisting of H,, CO,, and CO, can be mixed with fresh
syngas and recycled to the reactor. The choice of the
recycle rate (as percentage of R,,) is a trade-off between
the production rate and the utility costs for gas compres-
sion on the one hand, and costs for fresh syngas on the
other hand, and will be addressed in the next section.

The gas transfer rate (TR) is dependent on two terms:
the volumetric mass transfer coefficient k; 4, and the con-
centration of the gas in the liquid, ¢ The kja-term is
dependent on the average superficial gas velocity, deter-
mined by the average gas flow rate and pressure. The
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ciig-term, however, is dependent on the partial pressure of
the gas going into the reactor (c,), which is in turn deter-
mined by the gas transfer rate TR if the gas is, at least
partly, recycled. Therefore, the composition of the gas
injected into the bioreactor changes with every recycling
round and converges to a steady state for a set recycle
rate. Additional file 1: Figure S2 illustrates how the fer-
mentation parameters and terms related to the gas-liq-
uid mass transfer influence each other.

Depending on the rate of gas recycling, the off-gas,
which will be purged, contains a certain amount of CO.
Since CO is considered as a pollutant [57], the CO emis-
sion of the production process has to be limited. Cost of
measures, such as flaring [58], was not taken into account
in this study.

Box 2. Calculation of the CO transfer rate

For R,, = 8-10° mol/h; R, = 7-10° mol/h; p, = 3.5-10° Pa;
p=2-10° Pa; A = 28 m? ¢*(CO) = 1 mol/m?;
Calculation of the pressure-corrected gas
(Eq. 12):
Faylm®/h] = [(Rin + Rou) - 0.5 - R- T]/p
=104 -10°m3/h
Calculation of the superficial gas velocity (Eq. 13):

flow

ves = Fay/A = 10.4 - 10°m®/h/28 m®
= 371 m/h = 0.103m/s

Calculation of the volumetric mass transfer coefficient
(Egs. 14, 15):
%7, 7r-203.15K
kia = 0.32 - (Dco/Do,) - (vgs) .pT—2%.
—032. (2.08 .1075/2.15 - 10—5)
. 0.1030.7 . 1'022333~15_298415
=0.135s"! =486h~!
Calculation of the CO transfer rate (Eq. 17):
TR(CO) = kpa - (¢* —¢) = ka-0.99 - c*
= 481 mol/m>/h

Parameters for plant optimization

Because the system is considered in steady state, all the
CO which enters the liquid phase, R;;,(CO), will be con-
verted by the cell mass. In our fermentation set up, the
reactor size (30 m height, 6 m diameter) and the com-
position of the syngas are fixed. Additionally, the pres-
sure-corrected superficial gas velocity Vgs Was kept below
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0.15 m/s. The molar flow rate of the gas into the reactor,
R;,, and the ratio of recycled gas, R,.., could be varied.
However, several optimization constraints restrict the
choice of R;, and R, in an industrial setting:
Concentration of acetone in liquid

The concentration of acetone in the fermentation broth
was determined using Eqs. 32 and 33, assuming steady
state: acetone leaves the reactor with the outflowing gas
stream at the same rate as it is produced by the cell mass.
Two factors have an effect on the acetone concentration
in the fermentation broth: Firstly, the acetone concentra-
tion is positively correlated to the production rate, and
the production rate decreases with increasing R val-
ues. Secondly, the acetone concentration decreases with
higher gas outflow rates (when R, high), due to the gas-
stripping effect. Hence, the acetone concentration can
be kept low when both R, and R, are high. Tests in our
lab showed that M. thermoacetica strain ATCC 39073
can tolerate acetone concentrations up to 30 g/l without
being affected in its growth behavior (unpublished data).

Number of reactors required to meet the desired production
The more CO is available to the cell mass, the more ace-
tone is produced. This can be achieved by high gas inflow
(R;, high) and low recycle rate (R,.. low). With increas-
ing acetone production per reactor, fewer reactors are
required to achieve the desired acetone production.

Variable costs of production

Increasing the acetone production by raising the flow of
fresh syngas comes at a cost: the variable costs for feed-
stock and gasification are rising. Additionally, it has to
be taken into account that increasing the gas recycle rate
(R.e/R;, high) leads to efficient utilization of the sub-
strate. However, a high gas recycling rate increases the
number of reactors required to meet the desired produc-
tion metrics.

Variable costs of production

The variable costs of syngas production and fermenta-
tion are crucial optimization parameters in the process
design. The costs can be categorized into pre-fermenta-
tion costs (that is syngas production) and fermentation-
related costs. As described above, we determined that the
cost for syngas was derived from BOF gas, natural gas,
and corn stover. Only BOF-derived syngas with a cost of
7.6:107* $/mol CO is, based on the theoretical conver-
sion yield, an interesting source for syngas to date. As
fermentation-related variable costs we took into account
the costs for chilled water, the power requirements for
gas compression, and product recovery. Other fermen-
tation-related costs, such as media sterilization, disposal
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of fermentation residue, and media components were not
taken into account.

To determine the requirements of chilled water, the
heat balance of the reaction was set up, and the rate of
chilled water was determined using Eq. 31 and trans-
lated into costs (0.05 $/m?> chilled water). Box 3 con-
tains examples of how the heat balance was set up and
how the cooling requirements can be determined. The
power requirements for gas compression were calcu-
lated using Eq. 22. Box 4 exemplifies how those power
requirements are determined. The power requirements
for product recovery (condensation and distillation) were
retrieved from simulations with SuperPro Designer® and
AspenPlus® and converted into costs assuming 0.08 $/
kWh. Further details on the selection of the downstream
process scheme are described in the Additional file 2.

Box 3. Heat balance and calculation of requirements
for chilled water

Net heat balance: AHpet = AH, + AHg.fsmp + AHpob .
evap

+AHwater‘

Heat released by the cell mass per reac-

tor (obtained from the process reaction), e.g.
AH, = —1.5-10* MJ/h;

Rate of heat generated by gas compression:

Rgas = 4 - 10° mol/h (Tr= 430K; ¢,= 2.14 - 1072 kJ/(mol - K))

comp

AHgs™® = 4-10°mol/h - 2.14 - 1072kJ/(mol - K)

(333K — 430K) = —9.4 - 10>°MJ/h.

Rate of acetone evaporation equals the acetone pro-
duction rate, e.g. Ryab, . = 3.6 - 10* mol/h.

Rate of water evaporation; e.g. RVHafO = 1.1-10°mol/h.
Using the heat of vaporization for water and acetone
at 60 °C (Additional file 1: Table S13):

AHY(H,0) = 42.6 k] /mol;
AH"? (acetone) = 29.0 kJ/mol

AHcetone = Ricetone + AH P (acetone)
= 3.6 - 10*mol/h - 29.0 kJ/mol
=1.0-10MJ/h

AHpb = Ryie, - AH"?P (water)

=1.1-10°mol/h - 42.6 kJ /mol
=47-10*MJ/h

Calculation of the net heat balance:
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+ AH b

cetone ater

=(=15-10* —9.4-10%> + 1.0- 10 + 4.7 - 10*>)MJ/h
= —10*MJ/h

AHpet = AH, + AHgys © + AH ooty

Calculation of required amount of cooling water
(Eq. 30):
Reool = |AHnetl/(cp - AT)
= (10'°J/h)/((71.19)/mol/K) - (333 — 277)K)
=2.5-10°mol = 45m>/h

Costs for cooling water: 45 m*/h-0.05 $/m> = 2.3 $/h

Box 4. Calculation of power requirements for gas
compression

Power requirement to compress the syngas into the
reactor (Eq. 21):

(y=1/y
PIWl=—"— " pvy- {(”2) - 1} - (100/70)
y—1 p1

p; = 1.0-10° Pa; for p, = p, = 3.5-10° Pa;

Compression of 7.10> m?h; Composition syngas
e.g.: CO (81 mol%), CO, (0 mol%), H, (2 mol%); N,
(17 mol%)

Veas = @ _ > Yicp,i — 140
BB T Y i
(Ygas—1)/Vgas
Vgas — 1 P
- (100/70)
5 7 03 3
=35.1.0-10° Pa- m°/s
3600

35.10°Pa\? .
1.0 - 105 Pa

- (100/70) = 426 kW

Analysis of a fermentation scenario

We tested process scenarios with BOF gas-derived syn-
gas. R,../R;, combinations were varied to find a process
set-up at which the above-mentioned parameters of ace-
tone concentration, plant sizing (number of reactors), and
variable costs are within a reasonable range. Here we pre-
sent the outcome of a production scenario in which the
gas flow rate in the reactor (R,,) was set to 6-10° mol/h. At
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this gas flow rate the superficial gas velocity vg, (corrected
for the average gas flow in the reactor) equals 0.082 m/s.
We tested different R, ./R;, combinations and their influ-
ence on the process parameters. In a scenario where the
gas compressed into the reactor contains 20 mol% recy-
cled gas (R, = 1.2:10° mol/h), the acetone concentration
in the broth (21 g/l) stays below the toxicity limit. Our
model predicts an hourly biological acetone production
of rate 2225 kg/h (concentration of cell mass 1.3 g/l; pro-
ductivity: 2.29 g/g/h). Under the given process conditions
the reactor off-gas has an acetone content of 6 mol%.

We simulated the acetone recovery by condensa-
tion and distillation with SuperPro Designer® and
AspenPlus®. Additional file 1: Table S14 illustrates the
composition of the off-gas obtained at the top outlet of
the fermenter, which is received by the downstream oper-
ations as feedstock. The purity of the final product is 99%
and we determined a loss of maximal 8% h™!. Account-
ing for the product recovery loss, 2058 kg final product
would be produced per hour in the analyzed scenario.
To reach the desired production metrics of 3.79-103, two
reactors would be required. For this scenario we deter-
mined variable production costs of 0.389 $/kg acetone.
The contributions to the costs are: 34.1% for gaseous sub-
strate, 0.3% for chilled water, 21.5% for gas compression,
and 44.1% for downstream processing. The utilities for
downstream processing are listed in detail in Additional
file 1: Tables S15 and S16.

At the presented scenario, the CO-to-acetone con-
version reaches 74% of the theoretical carbon yield.
To increase the yield, a higher gas recycle rate could
be implemented. However, increasing the gas recycle
rate would not be beneficial for the number of reactors
required to meet the desired production metrics.

Discussion
Economic feasibility of acetone production from syngas
In this study, we have analyzed the conversion of syngas
to acetone using the hypothetical thermophilic produc-
tion strain Moorella thermoacetica with regard to ther-
modynamic considerations of the bacterial physiology, to
bioreactor design limitations, and to economic feasibility.

We have estimated the costs for syngas with a CO con-
tent above 80 mol% derived from three different sources
and only BOF gas was identified as an interesting syngas
source from an economic perspective. Therefore we have
determined the other main variable production cost (gas
compression, downstream processing, and chilled water)
for a representative production process. Those variable
production costs sum up, together with the costs for the
gaseous substrate, to 389 $/t.

As mentioned before, oft-gas is not utilized in US steel
mills to date. Therefore we assume that BOF gas comes
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free of charge. In Europe, however, only 25% of the
BOF gas is flared and the rest is utilized for the genera-
tion of electricity and heat [32]. We tested a scenario in
which the presented acetone production process would
be implemented in a scenario where BOF gas is not
underutilized, that is, compensation for the feedstock is
required. Assuming an additional cost of 0.0036 $/mol
CO for BOF gas (see Additional file 1), would increase
the variable production cost to 1018 $/t acetone, which
would not lead to a profitable process to date.

Alternative sources for syngas besides those analyzed
in this study can be considered. Biogas for example is
another source of CH,-rich gas which could be reformed
to a CO-rich syngas. However, biogas has a significant
fraction of CO, [60]. Therefore, an additional acid gas
removal step would be required to reach a gas composi-
tion of natural gas before reforming. This would add an
additional cost to the already high syngas production
costs from natural gas of 298 $/t CO. This makes syngas
derived from biogas less interesting as CO source for the
production process in this study.

Approach of this study

Utilization of H,/CO,

We assumed that the production organism M. ther-
moacetica would be converting only CO to acetone, since
there is no pathway existing to generate net ATP from the
conversion of H,/CO, to acetone [61]. Although no net
ATP is generated, alternative metabolic reactions would
allow H,/CO, to serve as substrate: firstly, acetate could
be generated as byproduct. The second alternative would
require that conversion of CO to acetone would deliver
the energy required for cell maintenance and growth. The
latter scenario could be realized by metabolic engineer-
ing strategies to ensure metabolization of H,/CO, with
net ATP generation. However, shifting the composition
of the biomass-derived syngas towards CO using rWGS
reaction is a minor contributor to the overall produc-
tion costs, meaning the benefit of engineered H,/CO,
utilization would be small. However, conversion of CO
results in the production of a certain amount of CO,;: for
the production of acetone, 0.625 mol CO, is produced
per mol converted CO. CO, is diluting the off-gas con-
siderably, thereby making the gas recycling less effective.
An option would be the removal of CO, from the oft-
gas. Several techniques for CO, capture from gases are
described [62].

Thermodynamics approach

The approach of using the principles of thermodynamics
to estimate the conversion rate has to be used with cau-
tion for acetogenic bacteria. The metabolism of aceto-
gens is known to perform close to thermodynamic limits
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[11], and process conditions (reactant concentration,
pressure, temperature) might have a disproportionately
high impact on the estimated free energy of the product
reaction. Therefore, erroneous assumptions can have sig-
nificant impact on the outcome of the study.

The thermodynamics approach is based on the energy
requirements for cell maintenance, and no accurate
values have been reported in literature for M. ther-
moacetica. In the metabolic model published in 2015,
a maintenance requirement of 0.12 mmol ATP/g/h was
used [12]. With around 46.2 k] energy conserved per mol
ATP for homoacetogenic bacteria [63], that would equal
5.5-107% kJ/g/h (0.14 kJ/C-mol/h assuming 24.6 g/C-
mol), which seems a surprisingly low value compared to
the 62 kJ/C-mol/h used in this study. The non-growth
associated maintenance ATP requirement for E. coli, as
comparison, is reported to be 8.39 mmol ATP/g/h [64].
Acquiring more accurate values for the maintenance
energy requirement from experimental data would
increase the accuracy of our model. Since suboptimal
culturing conditions increase the maintenance energy
requirement [40], it is relevant to retrieve the data under
fermentation conditions that resemble an industrial
set-up.

From the data generated with our model, the CO
uptake rates can be determined. The CO uptake rate is
around 323 mmol CO/g/h for the production scenario
presented. This value is relatively high when compared to
CO uptake rates described for acetogens in literature [12,
65, 66]. A possible reason is a difference in the growth
rate. In this study, we assumed a growth rate of 0.1 h™!
(as published by Kerby and Zeikus [55]). When assum-
ing a growth rate of 0.01 h™! (as described by Islam et al.
for growth on CO [12]), the uptake rate predicted with
our model decreases to 141 mmol CO/g/h. Another rea-
son for potentially overestimating the CO uptake rate can
be the maintenance energy requirement, which might
be lower than the estimated 62 kJ/C-mol/h (as discussed
above). When lowering the maintenance energy require-
ment to 20 kJ/C-mol/h (with g = 0.01 g/g/h), the aver-
age uptake rate decreases to 59 mmol CO/g cell mass.
Additionally, it is reported that high concentrations of
dissolved CO are inhibitory for acetogens, and that the
process is at a certain gas supply rate biologically limited
instead of gas transfer limited [65]. However, the influ-
ence of changes to our model which result in lower CO
uptake rates have minor impact on the outcome of our
analysis regarding production cost and plant sizing.

In 2015, Chen et al. published a spatiotemporal
metabolic model for bubble column reactors with
the acetogen C. ljungdahlii, in which model iHN637
was integrated [66], and a similar approach could be
applied to perform an economic analysis for the process
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presented in this study. However, integration of model
iAI558 of M. thermoacetica, in which for example a
novel mechanism of energy conservation was imple-
mented [12], would have based the study on different
assumptions regarding the metabolism of the produc-
tion strain. Future implementation of an updated version
of iAI558 including the acetone pathway would nonethe-
less be possible.

Reactor design

Traditionally, continuous stirred-tank reactors (CSTR)
are employed in syngas fermentation. Stirring breaks
the gas bubbles and thereby increases the interfacial
area and the gas retention time [68]. However, stirring
increases the power usage. An alternative, suitable for
industrial applications, are bubble column reactors [68],
which we chose for this study. More sophisticated biore-
actor set-ups that increase the gas—liquid mass transfer
could further improve the yield. This could for example
be achieved with microbubble dispersion stirred-tank
reactors. Microbubbles, which have an average diam-
eter of only 50 um compared to the normal 3-5 mm
bubble diameter, offer a significantly higher gas-liquid
interfacial area [69], but generation of microbubbles will
also require extra energy and costs. Biofilm reactors are
another option, and can result in an increased interfacial
area between substrate and the production host. M. ther-
moacetica is reported to be capable of forming thin bio-
films [70].

To determine the requirement for chilled water, only
fermentation-related processes (heat generated by the
cell mass, evaporating water and acetone, heat released
during adiabatic compression) were taken into account.
Other energy requirements, which for example arise
during syngas production or product recovery, were
accounted for when determining the utilities.

Additionally, the variable costs of production which
do not occur continuously, such as sterilization, costs
for media components, and disposal of the acetone loss,
were omitted. However, this study is intended to serve as
a preliminary feasibility analysis, with a focus on variable
costs of production as the main criterion for an economi-
cally viable process. In a more elaborate model an overall
integrated heat balance, a more comprehensive overview
of the variable production costs as well as fixed operating
costs and capital costs could be implemented.

Conclusions

In this study, we have analyzed the feasibility of acetone
production from syngas from three different sources
using the thermophilic acetogen M. thermoacetica as a
hypothetical production host with regard to metabolic
and economic aspects.



Redl et al. Biotechnol Biofuels (2017) 10:150

Syngas contains H,, CO,, and CO as potential sub-
strate. However, when acetone is the sole end product,
ATP is only generated when CO is used as substrate. We
have determined the costs for syngas with a CO content
higher than 81 mol% from BOF gas, from natural gas,
and from biomass. We identified syngas derived from
BOF gas as the only syngas source to date which is eco-
nomically promising for the production of acetone.

For different fermentation scenarios with varying gas
feed and gas recycle rates, we analyzed the variable cost
of production and the cost contribution of the single pro-
cess steps, the number of reactors required to produce at
the desired rate of 30 kt/year, the efficiency of the gas uti-
lization, and parameters related to cell mass and produc-
tivity. This was done by setting up the process reaction in
which the rate of acetone formation from CO under the
process conditions is described. The amount of available
substrate was determined by the rate of CO transferred
into the fermentation broth, in turn depending on the
chosen process parameters.

We presented data for a representative fermen-
tation scenario in which 6.10° mol/h gas, contain-
ing 4.8-10° mol/h syngas derived from BOF gas and
1.2:10° mol/h recycled off-gas, is fed in a bubble column
and converted to acetone by M. thermoacetica at 60 °C.
The variable production costs comprising the cost for
syngas, gas compression, chilled water, and product
recovery were determined to be 389 $/t, with the cost for
syngas as the main contributor.

Here, we have illustrated an application of the ther-
modynamics approach, in which the rate of acetone
production is derived from the Gibbs energy of product
formation, the maintenance and growth energy require-
ments, and the growth rate, for the formation of a volatile
compound from a gaseous substrate. As the approach is
based on certain assumptions, such as the maintenance
energy requirement, experimental data would increase
the accuracy of our model. Since the heterologous expres-
sion of the acetone pathway in M. thermoacetica has not
been reported so far, the study is based on a hypothetical
production strain. We hope that further development of
the genetic toolbox for M. thermoacetica or similar ther-
mophilic acetogens will soon make heterologous acetone
pathway expression possible, since this will enable exper-
imental studies at reactor scale.

This study exemplifies the importance of a metabolic
feasibility analysis and we encourage other researchers
to apply the presented approach to other bioproduc-
tion scenarios in order to estimate the economic viabil-
ity of the process and to obtain insights into potential
bottlenecks.
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Abbreviations

A: cross-sectional area of reactor; in m% ag: energy
requirement for growth of 1 mol cell mass; in kJ/C-mol;
ATP: adenosine triphosphate; BOF: basic oxygen furnace;
oyt concentration of cell mass; in C-mol/m?; cg con-
centration in gas phase; ¢;: concentration of compound i
¢ concentration in liquid phase; c,: specific molar heat
capacity at constant pressure; in kJ/mol/K; c,: specific
molar heat capacity at constant volume; in kJ/mol/K; ¢*
dissolved gas concentration at equilibrium; in mol/m3;
D’ standard diffusion coefficient; in cm?/s; D;: diffusion
coefficient; in m?/h; F, : average gas flow rate; in m?/h;
F,,,: flow rate of gas leaving the reactor; in m3/h; g: gravi-
tational constant; in m/s% k: height; in m; H% Henry’s
law solubility constant at standard temperature 298.15 K;
in mol/kg/bar; Hy: Henry’s law solubility constant cor-
rected for temperature T; in mol/m?/Pa; k: temperature
correction factor for Henry’s law constant; k; a: volumet-
ric mass transfer coefficient; in s™!; mg: maintenance
energy requirement for 1 mol cell mass; in kJ/C-mol/h;
nep: molar amount of cell mass; in C-mol; p: logarithmic
mean pressure in the reactor vessel; in Pa; p,: pressure at
bottom of reactor; in Pa; p;: partial pressure of compound
i; in Pa; p;/ap:vapor pressure; in Pa; p,: pressure at top of
reactor; in Pa; gy, cell mass-specific rate of heat pro-
duction; ¢g;: cell mass-specific rate of production or con-
sumption of reactant i; R: gas constant; 8.314 (m> Pa)/K/
mol; R y,y;: rate of chilled water; in mol/h; R, rate of syn-
gas inflow; in mol/h; R;,;: rate of gas inflow; in mol/h; Ry;¢:
rate of transfer from gas to liquid phase; in mol/h; R
rate of gas outflow; in mol/h; R;;: rate of production; in
mol/h; R, rate of recycled gas inflow; in mol/h; rWGS:
reverse water—gas shift reaction; T: temperature; TR: gas
transfer rate; in mol/m?3/h; Vgt pressure-corrected super-
ficial gas velocity; Vj;;: volume broth; in m%; V,oocror VOI-
ume reactor; in m WLP: Wood-Ljungdahl pathway; y:
mol-fraction of the gas; AfG?: Gibbs energy of formation
of compound i at standard conditions (7 = 298.15 K);
in kJ/mol; AfH?: heat formation of compound i at stand-
ard conditions (T = 298.15 K); in kJ/mol; AH®™P: rate
of heat released by gas compression; in kJ/h; AH®'?P:
rate of vaporization heat; in kj/h; AH,,, ., rate of heat
released by growth reaction; in kJ/h; AH_,;,: rate of heat
released by maintenance reaction; in kj/h; AH, P heat
of vaporization for compounds ; in kj/mol; A,G% Gibbs
energy of a reaction at standard conditions (7'= 298.15 K
and ¢; = 1 M); in kJ/mol; A,G”: Gibbs energy of a reaction
at process temperature 7 in kj/mol; A,G*“ Gibbs energy
of a reaction corrected for process temperature and con-
centration of reactants; in kJ/mol; A H: enthalpy of reac-
tion at standard conditions; in kJ/mol.
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Greek letters

&: holdup of reactor; y: ratio of specific molar heat capac-
ity at constant pressure and at constant volume; u:
growth rate; in h™%; 4% dynamic viscosity at 298.15 K; v;:
stoichiometric coefficient of reactant i; v;‘;thhz stoichio-
metric coefficient of reactant i in growth reaction; v;"®":
stoichiometric coefficient of reactant i in maintenance
reaction; p: density; in l(g/m3; 0: correction factor to cal-
culate k; a at process temperature.

Units

atm: atmosphere; J: Joule; K: Kelvin; m: meter; M: “molar’,
1 M = 1 mol/liter; °C: degree Celsius; Pa: Pascal; t: tons,
10° kg.
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