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Abstract

Transition to renewable and alternative energy sources has become one of the most im-
portant subject of the decade. In The Netherlands today, 11.1% of the primary energy de-
mand is obtained from renewable energy and the biomass accounts for 54% [1]. Another
promising material for value added chemical synthesis is carbon dioxide. By utilization of
CO2, the production of valuable chemical materials such as methanol, formic acid that can
be used as a fuel, heat or power source and reducing the greenhouse gas effect by lowering
emission levels will provide industrial and environmental advantages at the same time.

Formic acid, used in the agriculture, pharmaceuticals and textile, is a key chemical that
can also be used in energy conversion processes. In the current industrial practice, formic
acid is produced by carbonylation of methanol with carbon monoxide. However, methanol
is another value added chemical that is used in energy production, hence expensive for the
process. Therefore, researchers started looking into alternative methods. Biomass and car-
bon dioxide utilization methods are two of them. In this thesis study, 10 kton and 100 kton
annual production of 85 wt.% formic acid from wet oxidation of glucose and catalytic re-
duction of carbon dioxide, have been modeled and a techno-economic analysis is carried
out. Additionally, the processes of obtaining glucose from lignocellulosic biomass and car-
bon dioxide from syngas by pre-combustion capture are also simulated. ASPEN Plus V8.8
process flowsheeting package program has been used for the simulations.

From the results, in energy analysis biomass based formic acid synthesis process showed
higher efficiency than CO2 based production. When the hydrogen peroxide and oxygen
based biomass wet oxidation routes are compared, it is observed that oxygen based oper-
ation is more efficient than hydrogen peroxide based conversion because of lower utility
requirements. It was determined that biomass based formic acid production can be eco-
nomically profitable, but only for large scale wet oxidation via oxygen together with the
sale of by-products obtained in pre-treatment process. On the contrary, no profit was ob-
tained by the hydrogen peroxide route. In carbon dioxide utilization route, the breakeven
selling price (BSP) of the formic acid was computed to be 7% more than the current mar-
ket price. In order to improve the process, two case studies were created. In the first case,
economically the most suitable reactor amount configuration is determined. However, the
process was still not profitable. In the second case study, two times more active catalyst,
Au/Al2O3, has been utilized. The process took half the residence time of the previous case
and BSP value determined to be 2.6% lower than the current market price. Also, slight in-
crease in efficiency is observed.

In conclusion, more research should be done and experiments regarding reaction and
intermediate substance performances should be conducted, in order to simulate the pro-
cess more in detail. However, despite the uncertainties, in this era where the transition to
greener energy production through the use of biomass and the reduction of carbon diox-
ide emissions have been made a definite target by the governments, the synthesis methods
studied, will gain importance as the purposes of formic acid use increase.
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1 Introduction

1.1 Necessity of Sustainability

NASA satellites have projected that Greenland and Antarctica is melting six times faster
than in the 1990s [16]. The scientific magazine National geographic [17] discloses that Arc-
tic sea ice is shrinking more than 10% per decade for the past 40 years and its foreseen
that they will extinct in 20-25 years or even sooner. Flue gases from cars, factory chim-
neys and many more sources emit 32.5 billion metric tons of carbon dioxide (CO2) to the
atmosphere [18]. Due to this harmful release, the average temperature of Earth is reported
to be rising 1.5 ◦C in 2018 [19].

The concept of "Global Warming" was first discovered by Swedish scientist Svante Arrhe-
nius in 1895 [20]. Stated that, the excessive use of fossil and coal-based resources emitting
huge amounts of carbon dioxide, causing imbalance of the nature. Unfortunately, humanity
did not take any constructive precautions at first. With the introduction of the internet in
1980s and 1990s, countries and big companies focused on growth. Hence, industrialization
took the top priority. Therefore, environment suffered the most. Increasing amount of gas
emissions to the atmosphere lead to an increase of temperature of the planet followed by
acid rains and drought.

Our elders always say; "A fault confessed is half redressed". Thus in 2000s, global warm-
ing was defined as one of the biggest threat to humanity worldwide [20]. Related to the
new awareness, "Renewable Energy" and "Sustainability" was born and became the most
promising, important solution. Unfortunately, decades old habits of fossil fuel usage can
not be abandoned at once. People and world economies had neither the sources nor the
technology to replace fossil fuel as an energy source. Nevertheless, countries realised that
the problem was global and therefore sought to unite their sources and goals under the
"Climate Action" by the United Nations.

The biggest step was The Paris Agreement, which was signed on 2015. Countries came to
an agreement for providing required logistical,financial and technical support to each other.
In 2020, the European Union reached an agreement on reducing carbon dioxide emissions
by 55% until 2030 [21]. Moreover, they raised their goals to wiping out the CO2 emissions
by 2050. This agreement indicates a vital milestone for battling against greenhouse gas
emissions.

1.2 Renewable Energy Production in Netherlands

Renewable energy generation in the Netherlands gained great importance after the Paris
Agreement. It is considered to be most natural way to produce energy from sun,wind,
earth sub-surface and even from anaerobic bacteria [22]. The Netherlands is one of the
top three countries in Europe in annually installed solar panel capacity [23]. According
to the government records, Netherlands produced 3,000 MW of electricity, supplying 5%
of the country’s energy requirement with 2525 onshore wind turbines in 2015. In terms of
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geothermal energy, the goal is to reduce CO2 emissions by supplying the 15% of heat en-
ergy requirement in 2030 and 25% by the year 2050 [24].

Renewable energy sources can be better for the environment but they are often intermit-
tent. For example, the sun might not be seen for days in the Netherlands; therefore, relia-
bility on solar power is an issue. For wind turbines, energy production per turbine is still
not satisfactory; therefore more and more turbines are required. The inadequacy and unre-
liability in renewable power supply methods have forced scientists to look for alternative
methods. The most developed ones are electrochemical cells and chemical treatment of
biomass which are studied vastly. The alternative methods are academically accepted to
be efficient and environmental friendly. Fuel cells are small sized electrochemical cells for
power generation. However, the assembly is a very delicate process and large number of
cells are required to produce a high amount of energy. On the other hand, large scale en-
ergy production from biomass is drawing great interest from the commercial companies due
to its sustainability, because agricultural and industrial wastes are used as raw material.
A lot of base chemicals such as methanol, hydrogen or formic acid can be produced via
biomass processing. On the other hand, formic acid is one step ahead of chemicals such as
hydrogen an methanol due to its wide range of use. It can be used in agriculture for silage
or as pesticide for crops, in food industry as preservative or as an intermediate in pharma-
ceuticals. However, its production via methanol carbonylation is economically not feasible
[7].

1.3 Research Objective

The aim of the ongoing master’s thesis is to research and model renewable formic acid pro-
duction processes. Then the thesis study will be followed by a technical and economical
analysis.

Literature background of conventional formic acid production process; hydrolysis of methyl
formate will be explained. For the scope of the project, alternative formic acid synthesis
methods based on biomass and carbon dioxide will be investigated and compared.

One from each biomass and carbon dioxide based formic acid production routes will be se-
lected for further modelling and investigation. The comparison of greener formic acid syn-
thesis methods will be based on the following factors;

• Large scale applicability

• Catalyst variety

• Catalyst cost

• Temperature range

• Pressure range

• Formic acid yield
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• FA synthesis reaction residence time

The selected processes will be modeled by ASPEN Plus process flowsheeting package, to
obtain formic acid with 85 wt% purity. Besides production, the pre-treatment of biomass
raw material and also the carbon dioxide capture will be simulated to cover the complete
process from the very beginning. The production is divided into the following stages;

• Biomass pre-treatment / Carbon dioxide capture

• Formic acid synthesis

• Separation of unreacted compounds

• Purification

The temperature and pressure values of flash tanks to be used in the separation and distil-
lation columns in purification processes will be optimized via ASPEN Plus sensitivity anal-
ysis. In the biomass pretreatment, carbon dioxide capture and formic acid production pro-
cesses, either the experimental data or the values used during the experiment will be used,
depending on the adequacy of the information obtained from the literature. Then, the en-
ergy and economy analysis will be carried out by simulating the production of the desired
85 wt.% pure formic acid. Moreover, in order to observe the effect of production capacity,
10 and 100 kilotons of annual formic acid production will be simulated separately. Then,
the study will be conducted by comprehensive analyses to show the feasibility of the mate-
rial pre-treatment and formic acid synthesis procedures, in terms of energy and economy.
Comparison of the selected biomass and carbon dioxide routes will be carried out through-
out the analysis.
In energy analysis following properties will be calculated and evaluated.

• Heating, cooling and electricity consumption per ton of formic acid produced. Pre-
treatment and carbon capture process results will be summarized with the appropri-
ate formic acid synthesis process.

• Overall energy efficiency of each individual process.

In economic analysis, the following terms will be calculated.

• Equipment cost

• Total capital cost

• Raw material cost

• Fixed and variable costs of production

• Breakeven selling price
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• Gross and net profit

Thus, the investigation and modelling of a formic acid production plant is summarized in a
general research question;

" What is the technically and economically optimal, circular CO2 and biomass based formic
acid production route from a process operation’s modelling perspective ? "

The goal of this thesis is to provide an answer to the question above.
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2 Literature Study

2.1 Biomass: Sustainable Resource

According to The Paris Agreement, the Netherlands aims to produce 14% of its total en-
ergy demand from renewable sources by 2020 [25]. By 2023, it is aimed to be 16% and al-
most totally renewable energy supply is targeted by 2050 [26] [27].
However, by 2020, the production levels are lower from targeted numbers as shown in Fig-
ure 1.

Figure 1: Renewable energy consumption in The Netherlands [1]

From Figure 1 [1] it can be seen that only 11.1% of the primary energy demand is sup-
plied by renewable energy in 2020. In addition, 46 % of the energy is supplied from solar
and wind energy. The remaining 54% is supplied via biomass route only. This distribution
shows the great impact of biomass in the current numbers and no doubt that it will be sig-
nificant in the future.

The biomass concept simply refers to obtaining energy from wastes. In industry, it is the
production of value added chemicals and biofuels via waste materials as feedstock. These
wastes are mainly agricultural or food-based which will be discussed later. Actually, biomass
energy has always been in our life since the discovery of fire. Obviously it was not produc-
ing electricity but it was providing heat for people around the campfire. In 1800s, biomass
was being used as lamp oil. In 1980s, biomass was first used in advanced heating systems
in Sweden [28].

Another alternative energy generation is accomplished by polymer electrolyte membrane
(PEM) fuel cells. A fuel cell is an electrochemical cell where electricity can be produced
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by permeation of anions or cations through a selectively permeable membrane. However,
voltage production per cell is low (maximum of 0.8 Volts) due to small surface area of the
electrodes. Therefore, it is not possible to obtain high electricity power from a single cell.
In addition, larger surface area design is impractical in terms of production and insula-
tion of the cell. In order to produce a high amount of power, cells are assembled to make
a stack. And unfortunately, producing electricity in order to supply domestic energy de-
mands would require millions of cells. The implementation is not practical either. PEMFC
for example, the cost of the delicate production and the expensive cell components such as
Nafion membranes or titanium coated end plates.
Due to its reasonable - energy produced per money spent - property, biomass based energy
production routes will be more beneficial. However, the technical and economical feasibil-
ity of the biomass route still needs improvement. Despite supplying the Netherlands’ 5.06%
of primary energy demand, the overall biomass process must be improved in terms of effi-
ciency and production expenses. As the current studies continue to make progress, biomass
is expected to take a bigger role in sustainable energy production.

2.1.1 Lignocellulosic Biomass

Lignocellulosic biomass is defined as non-edible secondary generation raw material. It is
the most abundant and also the most available biomass source of all. Wood, straw, crop,
crop-residues, agricultural and forest residues are some types of many. Wood pellets are the
most common resource material with four million tons being traded worldwide every year
[29]. In the Netherlands, consumption of wood based biomass is increasing rapidly.

The Dutch Platform BioEnergie reports that the woody biomass (except wood pellets) con-
sumption was 1.2 Mton in 2014. The consumption increased approximately 40% in 2017,
reaching 1.67 Mton in order to produce heat and power [27].
Lignocellulosic biomass consists of polysaccharides such as cellulose, hemicellulose and
lignin. Besides the organic part they also include fats, proteins and micro elements such
as potassium, magnesium, zinc, iron etc.[30] The organic content of lignocellulosic biomass
is shown in Figure 2.

Figure 2: Fractions of organic material in lignocellulosic biomass [2]

Lignocellulosic biomass mainly consists of;
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• 38-50 % [31] ( 45% [32] ) of Cellulose; a C6 sugar constructed by multiple glucose
based monosaccharides. [33]

• 23-32 % [31] ( 25% [3] ) of Hemicellulose; a heteropolysaccharide made of multiple C5
and C6 monosaccharides. Acts as a wall for the organic structure. [33]

• 15-25 % [31] ( 20% [32] ) Lignin; an amorphous polymer formed by heterogeneous
aromatic structures. It is the substance giving toughness to the plant. [33]

The ingredients of lignocellulosic raw material tends to vary depending on the raw mate-
rial. Substance fractions of some sources are given in Table 1.

Table 1: Composition of lignocellulosic feedstocks

Feedstock Type Cellulose
[%]

Hemicellulose
[%]

Lignin
[%]

Moisture
[%]

Ash [%]

Dry Shavings [34] 51 25 18 7 0,4
Solid Wood Sawdust [34] 49 25 19 8 0,7
Engineered Wood Saw-
dust [34]

50 27 16 9 0,6

Green Wood Chips [34] 51 27 17 30 0,5
Rye Straw Pellet [35] 38 48 11 4
Buckwheat Straw Pellet
[35]

32 52 10 6

Wheat Straw Pellet [35] 37 48 12 3
Rape Straw Pellet [35] 35 50 12 3
Triticale Straw Pellet [35] 38 45 10 8
Hay Pallet [35] 35 48 10 8
Kanlow [36] 31 30 19 - 2
Cave-in-Rock [36] 29 31 20 - 2
Pulped Cave-in-Rock [36] 34 32 23 - 3
Radiotis [36] 43 36 22 - 2
Madakadze [36] 44 31 24 - 5
Wheat Straw [37] 42 23 12 20 9
Rice Straw [37] 39 24 36 30 20
Corn Straw [37] 61 19 7 27 8

Additional information to Table 1, can be found on large variety of lignocellulosic biomass
data in the ECN Phyllis classification databank, provided by TNO [38].

Depending on the type of chemical substance to be produced, the material to be chosen
will also differ. The selection of an appropriate lignocellulosic biomass feedstock depends
on experimental data of the synthesis methods available in the literature. However, these
raw materials are not ready for direct production, physically or chemically. These materials
must be subjected to some pretreatment before they can be converted into valuable chemi-
cals.
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2.1.2 Pre-treatment of Lignocellulosic Biomass

Raw materials collected from nature or waste materials of industry are not available in ac-
ceptable size. They are mostly centimeter-sized; as a result, the size must be reduced. The
main purpose of the processes is to obtain carbohydrate in the end. In atomic levels, the
cellulose component of lignocellulosic biomass has strong intermolecular forces such as hy-
drogen bonds [39]. These bonds are weaker than covalent or ionic bonds but still have a
high energy threshold of 4-13 kJ/mol [40]. The explained chemical structures are demon-
strated in Figure 3.

Figure 3: Hydrogen bonds in cellulose [3]

Breaking intermolecular forces put extra heat and pressure requirements for production
processes. The increase in temperature and pressure would also require additional modi-
fications for components. Consequently, making the process more complex and delicate is
not favored for any scale of production plant. Therefore this incoming feedstock must be
handled and well prepared in advance. These treatments can be divided into three groups;
1) Physical, 2) Physico-chemical and 3) Chemical [3]. Their purpose, operating and work-
ing conditions are explained in the following chapter.

2.1.2.1 Physical Treatment

During physical treatment, chemical reactions occur at molecular level but the raw mate-
rial in the stock or storage does not match this size. Simple physical procedures can over-
come this issue. Generally grinding, crushing or milling is used to decrease the material
size from meters to millimeters. Another benefit of this process is to decrease cellulose
crystallinity, in order to weaken its structure. This operation can be alternatively done by
ultrasound treatment. In addition, next to the cellulose treatment lignin separation can be
performed by microwave irradiation.
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Basic physical treatment methods can accomplish the mentioned benefits without requiring
too much energy, which may be favoured by engineers. However, some methods might be
insufficient for cellulose treatment. Moreover, alternative methods require precise temper-
ature distribution during the process in order to be effective. This makes a proper control
mechanism necessary. Therefore in large scale productions, where massive amount of mate-
rial is utilized, it is not practically possible to keep the whole process under control. Hence
it can be neither effective, nor efficient.

2.1.2.2 Physico-Chemical Treatment

As its name signifies, it is the process in which physical and chemical applications are ap-
plied simultaneously or sequentially. The most common method is known as steam explo-
sion [3]. Saturated steam at 6.9-48.3 bar (10-35 bar [41]) and 160-260 ◦C (180 to 240 ◦C
[41]) enters the reactor after the biomass is loaded. After few minutes or seconds pressure
is reduced directly to atmospheric pressure. This causes an explosive decompression which
leads to breaking of hydrogen bonds hence, breaking the fiber structure of the biomass. By
steam explosion, hemicellulose is removed and the lignin matrix is altered. There are al-
most no chemicals used since only steam is added. The mixture is in gaseous state, and
this makes it easy to recover almost all of the biomass in liquid or in solid state (depending
on their phase change temperatures) from an outlet stream of the reactor. Therefore no ad-
ditional recovery or recycle step is necessary. Addition of alkaline medium or mineral acid
is reported to be shortening the process duration [3].

Ammonia fiber explosion (AFEX) is developed next to the conventional method. This pro-
cess occurs in the same way but at lower temperature (60-100 ◦C [41]) and lower pressure
range (17-21 bar [41]), with liquid ammonia (NH3). By the improvement, the pretreatment
process lasts for only half an hour [42]. Generally, 1-2 kg ammonia is used per kilogram of
dry biomass. This method is reported to be working fine for raw material with low lignin
content [43]. The amount of NH3 being used in the system, therefore the cost of the opera-
tion, mostly depends on the recycling of the ammonia.

2.1.2.2.1 Chemical Treatment
Acid pretreatment method is also one of the most common methods. Hemicellulose is sep-
arated from cellulose by rupturing its polymer bonds. Unfortunately, acid treatment is not
effective against lignin. It is practically advantageous, as it can be applied for both contin-
uous and batch production methods for removing hemicellulose. For continuous operation
it can be accomplished at temperatures higher than 160 ◦C, with low biomass loading and
with exactly opposite properties in batch processing. Sulfuric acid (H2SO4), hydrochloric
acid (HCl) and phosphoric acid (H3PO4) are some of the acids used [44]. However, acid
concentration should be paid attention to because concentrated acid is reported to be ef-
fective but it causes corrosion in components which leads to extra maintenance and capital
costs. Moreover, high acid use becomes expensive due to their price. Therefore acid must
be recovered after the process. Hence, dilute acid (less than 4 wt.%) is preferred and re-
sembling results have been obtained.
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Alkali salt and sodium hydroxide (NaOH) are utilized in the alkaline pretreatment method
to decrease crystallinity of lignocellulosic biomass. Processes at 55 ◦C with 4-8 % NaOH
have been demonstrated for 24 hours process. It is observed that, treatment can be im-
proved with increasing salt concentration [45].

In organosolv pretreatment, lignocellulosic biomass is exposed to (aqueous) organic solvent
(methanol, ethanol etc.) with acid catalysts at elevated temperatures [3]. Via this method,
lignin is obtained in a water mixture and easily removed from the system. However, the
solvent and catalyst costs are high, making this method inappropriate for large scale pro-
duction.

Although having options that do not require too much energy, pretreatment methods fall
short in removing unwanted substances. To progress towards the goal of reducing particle
size and obtaining cellulose from lignocellulosic biomass physically or chemically or both
the same time; hemicellulose and lignin must be separated or removed. In pretreatment
methods, either lignin or hemicellulose can be removed and separated. This inadequacy has
made it necessary for researchers to develop additional processing methods aimed at direct
sugar synthesis in addition to these methods.

2.1.3 Sugar Synthesis

In literature, experiments are carried out at laboratory scale to illustrate formic acid pro-
duction steps or to demonstrate the expected reactions within the reactors. In great ma-
jority of the experiments, sufficient results were obtained via glucose (see Section 2.2). Lig-
nocellulosic biomass does not usually contain free glucose. The ones containing glucose or
any other type of C6 sugars are mostly edible and not preferred, due to ethical reasons.
Therefore, methods regarding glucose synthesis need to be developed. These process devel-
opment efforts are also getting attention from companies because of the insufficiency of the
pretreatment methods and because of the aim to promote glucose formation.

2.1.3.1 Homogeneous Catalyzed Synthesis

A homogeneous catalyst is defined as the intermediate substance which is in the same phys-
ical state within the reactants [7]. This physical compatibility gives larger contact area be-
tween the material and the catalyst, resulting in higher selectivity and yield than heteroge-
neous equivalents. Highly active interaction between these chemicals complicates the sep-
aration of the end product. In addition, having all chemical substances in the same state
makes the necessity of complex separation processes such as, extractive, vacuum or reactive
[11] distillation units and energy intensive stripping columns inevitable.

2.1.3.1.1 Acid Catalyzed

Mineral acids such as sulfuric acid, hydrogen chloride and carbonic acid are fed into a re-
actor with lignocellulosic biomass. The operating conditions are at elevated pressures and
within a temperature range of 100-260 ◦C. Antonoplis et al. [46] set up a pretreatment pro-
cess followed by hydrolysis, in which wood chips were used as raw material. In both sys-
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tems, gaseous HCl was used as catalyst. High yields of glucose (80%) and xylose (95%)
were obtained in products. These high yields are due to high activity of the homogeneous
nature of the catalysts.

Heteropolyacids have also been given a shot instead of mineral acids. (Section 2.1.3.2.1 ).
Cellulose hydrolysis experiments run with phosphotungstic acid (H3PW12O40) and H3BW12O40

reported 18-77% glucose yields along other sugar yields [47].
Together with later studies, it has been found that parameters such as temperature, den-
sity and cellulose structure affect the functionality of acidic catalysts [48]. For example, in
the experiments conducted with different acid concentrations (0.5-40 wt%), concentrated
acid solutions caused glucose degradation at high temperatures. This has been noticed by
obtaining side products such as 5-hydroxymethylfurfural (HMF), levulinic and formic acid
along with glucose [3].
Aforementioned developments and studies exhibit the possible issues of homogeneous acid
catalysts. Due to high temperature requirements of the cellulose hydrolysis process, use
of concentrated acids might provide better acidity thus good yield but it leaves the sys-
tem vulnerable for degradation which could damper the synthesis. This product loss can be
avoided by utilizing dilute acids, however then a portion of quality has to be compromised
but catalyst recovery and recyclability is still a concern. Also use of concentrated catalysts
is quite corrosive therefore harm the equipment. Unfortunately, despite the degradation,
high costs and low recovery, homogeneous acid catalysts are being used in the industry un-
til their alternative equivalents take place.

2.1.3.1.2 Alkali Catalyzed

Cellulose can be converted to C6 sugars using alkali catalysts via endwise degradation and
hydrolysis of glycosidic bonds, respectively . Endwise degradation, also known as peeling, is
the removal of monomers from the ends of cellulose within a temperature range of 100-140
◦C. However, the process was really slow and hard to sustain [48] [49].

Researchers managed to accelerate and control the process via oxidising the reducing ends
of cellulose chain by alkali solvents. However, formed glucose was exposed to isomerization,
which lead to the degradation of glucose into other C6 sugars with different structure such
as fructose and mannose, decreasing the yield. Moreover, alkali based intermediates were
also utilized in oxidation reactions. The intermediate gained an another purpose by cat-
alyzing the conversion of cellulose into oxycelluloses, carbon dioxide and water depending
on the operation conditions [3].

2.1.3.1.3 Enzyme Catalyzed

Enzymes work by ‘inversion’ and ‘retention’ mechanisms [3]. Cellulose crystallinity dissolu-
tion and glucose molecule formation is achieved by these mechanisms. In order to achieve
hydrolysis, enzymes have to be put in a mixture due to each of their specific capabilities.
For example, in enzymatic hydrolysis of lignocellulosic biomass, three enzymes were used;
Endoglucanases and exoglucanases for the hydrolysis of cellulose into cellobiose and β-1,4-
glucosidases for the conversion of cellobiose to glucose. Generally, operations are carried
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out in a temperature range of 40-55 ◦C and pH range of 4.5 to 5.5. Kadam et al. [50] in-
vestigated the narrow temperature range and observed enzyme degradation. They con-
cluded that it was due to deactivation of the hydrolytic enzymes.

Compared to other catalysts, enzymes have been produced for prices in the range of $ 0.1-
0.2 by the industries in Denmark and United States since 2004 [51]. This improvement has
increased the interest in enzymatic methods. On the other hand, enzymes are prone to de-
grade at high mixing speeds and temperatures. Recent studies by Qing et al. demonstrated
the opposite, achieving glucose yields up to 71% in the presence of xylose and glucan en-
zyme at 50 ◦C and at pH of 4.8 [52], overcame the possible drawbacks of the sugar synthe-
sis.

2.1.3.1.4 Ionic Liquid (IL) Catalyzed

Ionic liquids are organic salt based catalysts, which are in liquid state, at relatively low
temperatures (<100 ◦C) [23]. First studies of cellulose hydrolysis via ILs were carried on
with the presence of mineral acid (sulfuric acid). Cellulose crystallinity reduction was pro-
vided by ILs and H2SO4 was utilised for hydrolysis. Based on these researches, experi-
ments performed with cellulose, via [C4mim]Cl and H2SO4 resulted with 50 % glucose
yield [53]. Different ILs were also developed and utilized. It is reported that yield levels
were enhanced via usage of [BMIM ]Cl with HCl for the same process [54]. Currently, ILs
are unlikely to be applied industrially due to high manufacturing costs and lack of recycla-
bility, despite their good thermal stability [55].

2.1.3.2 Heterogeneous Catalyzed Synthesis

Heterogeneous catalysts are quite the opposite of the homogeneous equivalents. They are
chemical accelerators that are in a different physical state than the product. The practical
drawbacks of the conventional catalysts forced the industry to select the use of solid cat-
alysts. The superiority of solid catalysts is quite noticeable in the classification of reactor
types (see Section 2.2.4) .

In the creation of homogeneous catalysts, use of expensive organic or acidic components
increases the cost of the material vastly and makes the cost of catalyst losses even higher
due to the use of energy intensive recovery equipments. On the other hand, utilizing het-
eropolyacid based heterogeneous catalysts costs less. Additionally, the phase difference of
the intermediate substance facilitates the separation process. This also allows ease of con-
trol and reuse of the catalyst, which provides benefits for lower capital costs, hence lower
operational costs [56] [4].

2.1.3.2.1 Solid Acid Catalyzed

Solid acids are basically solid catalysts with either Bronsted acid sites or Lewis acid sites,
or both. Zeolites, ion exchanged resins and heteropolyacids are some of many types of solid
acid catalysts used for hydrolysis of polysaccharides into sugars.
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Zeolites are crystallized, porous aluminosilicates consisting of AlO4 and SiO4 [57] [58]. Ze-
olites provide high surface area, thus higher catalyst activity. Faujasite (HY) zeolites with
varying Si/Al ratio have been experimented to investigate their effect. Depending on the
natural material, when disaccharides, maltose and cellobiose were treated with HY hav-
ing a Si/Al ratio of 15 at 150 ◦C; 83% and 88% glucose yields were achieved, respectively.
Another type of zeolite, H-form of mordenite (HMOR) was also used for glucose synthe-
sis from cellulose. Earlier experiments were not promising in terms of selectivity. Later,
the cellulose was physically pre-treated by ball milling to reduce particle size and cellulose
crystallinity. As a result, only 13% glucose yield was obtained from cellulose treatment via
HMOR with a Si/Al ratio of 75 at 150 ◦C [59]. In conclusion, zeolites show low hydrother-
mal stability and leaching of Si and Al is reported to be decreasing the hydrolysis of cellu-
lose drastically.

Acidity of ion-exchanged resins is ensured by the presence of −SO3H groups. Despite show-
ing low catalyst activity, Amberlite based resins performed well when applied to maltose.
Sugar yields up to 95% were obtained via Amberlite-200 at 80 ◦C [60]. Same results were
also obtained with Dowex 50x2-100 resin, at higher temperatures of 120 ◦C [61]. Contrar-
ily, the intermediate was insufficient for cellulose hydrolysis due to high temperature re-
quirements, because ion-exchange resins are not thermally stable at moderate temperatures
(150 ◦C). Ionic liquid supported zeolites were developed for this drawback, reaching yields
up to only 39%, by using NKC-9 resin with [C4min]Cl ionic liquid [62].

Heteropolyacids are solid acid catalysts containing oxoacids. Keggin and Dawson type
HPAs are the most common types [63]. Keggin types have given better glucose yields when
tested cellulose. In one study, microcrystalline (pre-treated) cellulose yielded 52% glucose
at 180 ◦C via usage of H3PW12O40. The catalyst was used six times, without showing any
signs of degradation [47].

2.1.3.2.2 Supported Metal Catalyzed

Hydrolysis reactions of cellulose in order to synthesize glucose were achieved by supported
ruthenium hydrogenolysis, homogeneous acid catalysts. Balandin et al. obtained a yield
of 80%, by introducing Ru/C to 1-2 wt% sulfuric acid, at 70 bar hydrogen pressure [64].
The same group replaced H2SO4 with phosphoric acid. Increasing the acidity increased the
yield up to 90%. Recent methods demonstrated platinum (Pt/Al2O3) based catalysts.

With the studies in recent years, the use of heterogeneous catalysts is increasing in indus-
trial processes gradually. The reason is totally practical. Because heterogeneous catalysts
exhibit better behaviour over homogeneous catalysts in terms of selectivity, stability, cor-
rosiveness, catalyst recovery and lifespan. Hence, along with the minimum catalyst loss,
heterogeneous intermediates provide functional and economical convenience by making the
process easier to control.

2.1.3.3 Extraction

In the system where a solid-liquid mixture (depending on the temperature and pressure
requirements) is present, development of extraction methods is not something unexpected.
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Determining the appropriate extraction route depends on the chemical properties of the
substances present in the mixture and the component to be separated. Liquid-liquid and
liquid-solid extractions are the conventional choices [65]. Recently, alternative routes have
been developed in order to overcome the energy barriers. Available methods are;

• Liquid-Liquid Extraction: Accomplished by using two solvents, first one always be-
ing water. Dichloromethane-water and hexane-water are few examples. Conventional
methods suffer from toxicity and flammability [66] [67].

• Liquid-Solid Extraction: It is the removal of the solid component from a liquid-solid
mixture via a solvent. Soxhlet extraction, maceration and percolation are few exam-
ples of conventional methods for solid phase separation. Despite being applied in the
industry, these methods include of hazardous substances and the process takes too
much time [65] [7].

• Supercritical Fluid Extraction: As its name signifies, the mixture is separated by us-
ing a supercritical liquid solvent. Currently it is mainly used in pharmaceutical and
food industries due to its effectiveness in extraction of high quality, essential oils.
However, preparation and handling of the supercritical fluid requires high capital
costs. [65] [68]

• Ultrasound Assisted Solvent Extraction: Sonic waves created by ultrasound waves
cause cavitation in the liquid environment. Cavitation creates negative pressured
bubbles, which implode. Implosion then creates micro-scaled systems at high tem-
perature and pressure, achieving the extraction via a solvent. These bubbles can be
created both in liquid and aqueous solid mixtures, offering a wide range of applica-
tions. Solid based operations can be problematic due to possible decomposition. But
only limited number of large scale implementations of the process exist [69] [70].

• Microwave Assisted Extraction (MAE): Combination of microwaves and solvent pro-
vide the extraction process. Energy of the microwave radiation is used in order to
create an available environment for extraction to take place. Then separation is car-
ried on via a solvent. MAE offers controllability of the system, high purity and stabil-
ity [65].

Using pretreatment steps or sugar synthesis alone is not favored [71]. Pretreatment meth-
ods, as explained above, do not meet the glucose conversion requirements (selectivity, yield).
Sugar synthesis routes on the other hand, would require high amount of energy to reduce
cellulose crystallinity to remove lignin and hemicellulose in addition to existing high tem-
perature and pressure specifications. Therefore, in recent studies, a compatible combination
of the two procedures is sought and investigated.
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2.1.4 Carbon Dioxide Capture

Air and flue gas contain carbon dioxide, inferring that carbon dioxide does not exist in
pure state. Therefore any of the preferred gases should be captured and the carbon dioxide
contained in those should be collected and stored. There are many methods being investi-
gated and still being developed, in the literature. However, the capture methods differ from
source to source.

2.1.4.1 CO2 Capture from Stationary Sources

Basically, stationary sources refer to chimneys. Gases released from plants and furnaces
contain carbon dioxide. Capturing processes are advantageous if the carbon dioxide is go-
ing to be utilized in a plant nearby. The source for the gas must be determined before de-
signing the carbon capture unit, to assure that enough carbon dioxide is available which
can be retrieved from. Cement plants have a big part in emissions. A Dutch cement com-
pany ENCI B.V. owns a factory located in Velsen-Noord, which produces 1.4 million tons
of cement every year [72]. Iron & Steel industry is another important source of carbon
emission. The gas emission characteristics of an integrated steel mill is given in Table 2.
The figure exhibits the percentage of CO2 concentration in the gases emitted by different
sources on site [73] [74].

Table 2: Gas characteristics of iron & steel industry [13]

Amount of carbon dioxide captured from plants vary. Yavini et al. estimated that cement
industry emits 900 kilograms of CO2 per ton of cement produced [6]. On the other hand,
according to Alvarez et al. carbon dioxide content in cement and steel production derived
gas is 20-30 % of the overall volume [75]. Additionally, Romano et al. state that cement
plants emit gasses with 15-30 % CO2 content [13].

25



After estimating the possible carbon dioxide amount that can be captured from an indus-
trial plant, the next decision point is whether the carbon will be captured before or after
the combustion occurs. Sequence schemes are demonstrated in Figure 4.

Figure 4: Carbon capture sequence flowchart [4]

• Post-combustion: Capturing carbon dioxide from the products of combustion cur-
rently dominates the industry. Basically, the CO2 is separated and obtained after
the fuel is burned. Since the fuel is already used for furnaces and ovens, the post-
combustion method is quite convenient for the industry. Producing chemicals is con-
sidered to be practical, by using some of the harmful gases formed after the fuel is
burned. In addition, since the system does not have many preconditions, it can be in-
tegrated into the end of any existing production plant. However, SOx and NOx and
dust removal would require additional gas cleaning before the capture unit [13] [76].

• Pre Combustion: Separating carbon dioxide prior to the combustion is recently being
investigated. Removal of the CO2 leaves H2 as the only fuel substance [77]. Prevent-
ing normal combustion has environmental benefits. Altered fuel is more eco-friendly
because it will not have the familiar harmful emissions. Also the hydrogen can be
used in its own energy production routes via fuel cells or gas turbines. These routes
are recently acknowledged and seem promising. In the contrary, pre-combustion method
is not applied in the industry as much as post-combustion. This is related to the ad-
dition of carbon capture processes to an existing production plant. Implementation of
new setup with its own equipment brings extra complexity and capital costs.
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• Oxy Combustion: It is the recovery of carbon dioxide from flue gas containing only
carbon dioxide and water. The difference is that, pure oxygen is being used as oxi-
dizer for the combustion. The setup costs as much as post-combustion at small scale
operations. The content of the flue gas is simple, making the separation process eas-
ier. However, the maintenance, storage, transportation and the handling of pure oxy-
gen adds complexity and safety concerns [78].

Carbon dioxide is captured via absorption, adsorption and membrane separation. These
methods are modified according to the desired capture sequence. Therefore these modifica-
tions will be explained next along with the capture methods.

2.1.4.1.1 Absorption Capture

Gas absorption is the separation process of gas (or gas containing) mixtures by washing
via a liquid substance [79]. The desired gaseous component is absorbed into the liquid and
therefore separated. Absorption method is frequently applied in the industry due to its
simplicity and reasonable cost. These liquids, referred as solvents, are divided according
to the absorption mechanism [57].

Chemical absorption is achieved by reaction of gaseous components with a solvent, in order
to form a chemical mixture. Later, the solvent is regenerated and removed. Amine based
substances are the most mature intermediates in the industry for post-combustion opera-
tions.
Three types of amines are used in the industry. These are;

1. Primary amine, monoethanolamine (MEA),

2. Secondary amine, diethanolamine (DEA),

3. Tertiary amine, methyldiethanolamine (MDEA).

Theoretically, carbon dioxide can be captured at 85-95% selectivity and yields higher than
99.95% via aqueous amine solutions [5].

Primary amines show good selectivity properties at moderate concentrations. On the other
hand, MEA requires high temperatures for regeneration and it is more corrosive than other
amine solutions. Secondary amines can be also used for sulfur (e.g. H2S) removal. DEA is
reported to be working well at low pressures. However, it requires regeneration at pressures
lower than atmospheric levels, which is challenging to maintain. MDEA is also thermally
and chemically stable, has high solution capacity and it is non-corrosive [80] [81].

In addition to using amines individually, amine mixtures have also been tried. Piperazine
(PZ) showed no signs of degradation while working effectively at high temperatures of 150
◦C [57]. However, its solubility was not satisfactory despite its costly production.
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Figure 5: Solvent based CO2 capture [5]

Solvent based carbon dioxide capture (see Figure 5) can be simply explained via the follow-
ing procedure;

• A gas mixture is treated with the solvent inside an absorber column at low tempera-
tures of 15-60 ◦C.

• CO2-rich solvent mixture is fed into a desorption column, carbon dioxide is obtained
by stripping at high temperatures.

• Solvent is recycled back to the absorption column.

Physical absorption is run by the differences in physical parameters such as temperature
and pressure between the components and solvents. Compared to chemical equivalents,
physical sorbents can be used for both post and pre-combustion configurations [82]. This
is because of solvent capacity dependency on the carbon dioxide partial pressure [57].

Commercially known sorbents are Selexol, Rectisol, Fluor and Purisol. However, only Se-
lexol (also known as polyethylene glycol [6]) manufacture is reasonably affordable [81]. Ad-
ditionally, Selexol provides high solubility and it does not cause any reaction to take place,
since it is run by physical differences. Processes including Selexol can operate at lower tem-
peratures between 0-5 ◦C but at higher pressures compared to chemical sorbents.

In the Figure 6, a Selexol-based, post-combustion carbon dioxide process flowsheet is shown.
Tsunatu et al. achieved 98% purity from 97% of the CO2 emitted by a cement plant. They
have also estimated the operational and capital costs; Carbon dioxide captured only at a
value of 58$ per ton, which is almost the same as conventional amine based methods [6].
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Figure 6: CO2 capture via Selexol based physical solvent [6]

Recently, ionic liquids (ILs) are being studied due to their high thermal stability, low volatil-
ity and non-flammability. Their high production cost is preventing them from being used
in industrial applications [13].

2.1.4.1.2 Adsorption Capture

Gas adsorption is the adhesion of gas molecules to a solid surface. In this case, carbon
dioxide is collected and separated via solid molecules. Then, sorbent removal is done via
pressure, temperature or vacuum swing adsorption cycles. Intermediates used within these
columns currently include amines, metal organic frameworks (MOF), zeolites and activated
carbons. CO2 capacity, selectivity, stability and regenerability are the targeted properties
for solid adsorbents [57].

Amine-based solid materials gained importance since they were utilized in NASA’s space
shuttles and submarines. They were used due to effective operation with water vapor, which
is approximately 10-15% of flue gas [83]. Solid amine integrated aqueous solutions are wa-
ter resistant and have high CO2 capacity at low temperatures [84]. They are well suited
for temperature swing adsorption. Pressure swing adsorption also has been tried but, it re-
quired an extra step of rinsing to obtain desired CO2 purity. However, the sorbent showed
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signs of unstability after multiple cycles [57].

Zeolites are crystallized, porous aluminosilicates that are effective at temperatures lower
than 100 ◦C. For example, X and Y Faujasite zeolites such as 4A and 13X have been uti-
lized for carbon dioxide capture. High CO2 capacities were achieved at room temperatures
and at very low pressures. However, the presence of moisture and impurities have been
shown to weaken the substances [85] [86].

Compared to zeolites, metal organic frame works are reported to be working well at ele-
vated pressures. MOFs are less favored due to their uncertain regenerability, despite high
surface area and more controllable chemical properties. Since these tailorable configura-
tions come at high costs, loss of the substances cannot be taken granted.

Activated carbons are applied to pre-combustion pressure swing adsorption of CO2. Their
performance is stable at high temperatures and low pressures, with large adsorption ca-
pacity [87]. However, they are not suitable for post-combustion applications due to low
CO2 capacity and selectivity at mild conditions. They are also vulnerable in the presence
of SOx and NOx [57].

2.1.4.1.3 Membrane Capture

Membrane technologies are advantageous over conventional methods because they do not
require additional sorbent regeneration steps. By their selective permeability, membranes
can separate the demanded molecules with the appropriate diffusion mechanisms. Inor-
ganic, polymeric, mixed matrix and transportation membranes have been demonstrated in
laboratory scales, in the literature.

Practically, large scale applications of CO2 capture via membranes are not likely. Fabrica-
tion, the assembly and installation of this innovative component is quite delicate, despite
improved affordable production routes. The long term stability, impurity resistance and
reliability are still an issue for the current studies.

Recently, physical solvent based carbon dioxide absorption processes have gained impor-
tance. Damaging equipments due to corrosion, the difficulty of separability and recycla-
bility are the most significant reasons in the preference of innovative materials such as Se-
lexol, over conventional solvents. Selexol can operate at temperatures between 0 and 25 ◦C
[88] and pre-combustion method is more suitable compared to other methods because of
this operating range. The high temperature of the flue gas in other methods requires addi-
tional cooling duty, which would correspond to the addition of equipment and energy.

2.2 Production of Formic Acid

In this report, large scale production of formic acid is studied. Conventional and renewable
production routes will be explained below. But first, the product must be acknowledged.
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2.2.1 Formic Acid

Hydrogen (H2) is gaining more reputation every year. Hydrogen driven fuel cells will be
providing various services in the upcoming future, in addition to the vehicle Mirai manu-
factured by Toyota. However hydrogen is an odorless, transparent and highly explosive gas.
Also hydrogen has low density and low compressibility, which makes hydrogen to be stored
at very high pressures, i.e. around 300 bars. These high pressure requirements come with
high operational costs in storage. The same challenges are faced during the transportation
of the gas. These drawbacks pushed scientists to look for substances with safer mobility
and storage possibilities.

The future must rely on sustainable and environmentally friendly substances. In this vi-
tal task Formic acid (FA) -also known as methanoic acid)- steps forward among other sub-
stances, produced for energy purposes in the industry. It is one of the simplest, colorless,
transparent carboxylic acids. It was discovered in 1670 inside ants, getting its name from
the red ant "Formica Rufa" [7]. It also has low toxicity. Therefore it is being used in food
industry as an additive. However, it must be noted that concentrated formic acid is corro-
sive, toxic and can harm humans [89].

Formic acid is a versatile chemical which is used in a variety of sectors such as textile, leather
and pharmaceuticals [7]. For example, in Europe it is mainly used in agriculture, for acid-
ification at silage. Having a pH of 4, it acts as an anti-bacterial to extent the durability of
stored, freshly mown plants.

Properties of formic acid are given in table 3 for 25 ◦C and atmospheric pressure [7].

Table 3: Properties of Formic Acid

Property Value Unit
Chemical Formula HCOOH -
Molecular Weight 46.03 kg/kmol
Melting Point 8.3 ◦C
Boiling Point 100.8 ◦C
Corrosive Very -
Color None -
Smell Pungent -
pKa (Acid Strength) 3.739 -
Density 1.220 g/cm3

Vapor Pressure (25 ◦C) 5.866 kPa
Specific Heat Capacity 2.1745 J/g.K
Heat of Fusion 276 J/g
Heat of Vaporisation 483 J/g
Heat of Formation Liquid -425 kJ/mol
Heat of Formation -378.57 kJ/mol

It must be noted in Table 3 that the boiling point of formic acid at atmospheric pressure
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is 100.8 ◦C, which is very close to water’s boiling point (100 ◦C). This means that their
mixture forms an azeotrope which will be discussed later on.
Formic acid has been produced on industrial level for the last half-century. The ambition
for a brighter future and the increasing implementation of biomass will provide a smooth
transition to climate friendly process.
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2.2.2 Conventional Production Methods

In the past decades, formic acid was produced in small amounts, due to its insignificance.
First, it was being obtained as a by-product in the production of acetic acid, which was be-
ing produced by oxidation of hydrocarbons. Later on, formic acid was produced via hydrol-
ysis of formamide, i.e. amide originated from formic acid. It was the most common method
in Europe in the 1970s. After the process improved scientifically, companies worked on par-
ticular methods, to produce formic acid as the only product.
Formic acid had already been produced at various industrial levels for the last half cen-
tury. Ullmann et al. stated 260 ktons in 1987 and 390 ktons of formic acid in 1995 were
produced worldwide. The production capacity increased rapidly, since then. The capacity
has reached approximately 850 ktons per year, in 2014 [90].
Currently in Europe, Germany is leading the production levels with 60% of the 350 ktons
of annual production. Therefore, understanding of this process is crucial to identify and
avoid its drawbacks in the new biomass route [91].
Presently, 90% of the total formic acid production in the world is realized via hydrolysis of
methyl formate. Generally, the procedure consists of two steps; First reaction is the car-
bonylation reaction of methanol (CH3OH) with carbon monoxide (CO) forming methyl
formate (HCOOCH3) [92].
The reaction occurs as follows;

CH3OH + CO ←−−→ HCOOCH3 (1)

Second reaction is the production step which is the hydrolysis of methyl formate, which
yields methanol and formic acid. It is demonstrated as;

HCOOCH3 ←−−→ HCOOH + CH3OH (2)

One major advantage of this production method compared to previous routes can be de-
duced from the process equations. As shown in equation 1 and 2, in the beginning methanol
is the reactant, then it comes out with the main product, formic acid. This means that one
of the reactants can be recovered and recycled to the process, after some separation steps.
This may seem to be increasing the first investment costs but for mass production, recover-
ing the materials at this point is far more beneficial.
According to the literature, there are three most widely known systems carrying out this
process industrially. In chronological order, they are BASF, Kemira-Leonard and USSR
processes.

2.2.2.1 BASF Process

It is the first plant including the carbonylation and hydrolysis technologies, built by the
German chemical company BASF in 1981, in Ludwigshafen. Here formic acid production
techniques are used including the carbonylation and hydrolysis technologies. The plant has
the largest production capacity in the world with 100,000 tons of formic acid per year [7].
To give an idea about the size of the plant; In 2014, the production capacity in Germany
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was estimated to be 210,000 tons [93], meaning that the capacity was so big that it could
be doubled only after thirty years. The flowsheet for the BASF process is given in the Fig-
ure 7.

Figure 7: The BASF Process [7]

The production occurs as follows;

• Methanol and carbon monoxide enter the first reactor (a), with a certain amount of
catalyst/reagent, for the carbonylation reaction.

• The products of the first reactor is fed to distillation column (b), where methyl for-
mate is recovered from the top and sent for formic acid production. Unreacted methanol
and the catalyst are covered from the bottoms and recycled back to the first reactor.

• The methyl formate enters to the second reactor (c) for the hydrolysis reaction.

• The products are fed into the second distillation unit (d)

• The more volatile component of this mixture, methyl formate, is obtained from the
distillate stream.

• Since its boiling temperature is much lower than water and formic acid, the unre-
acted methanol is also obtained from the upper half section of the column.

• Water-formic acid here forms an azeotrope. Therefore, the mixture is sent to an ex-
traction column (e). Solvent is added from a separate stream.

• Formic acid is the heavier substance, hence it is obtained from the bottom stream.
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• The water is retrieved from the distillate stream with a fraction of solvent and formic
acid included. The mixture is sent to an dehydration column (f). The water then is
taken back to the second reactor.

• The formic acid is purified in acid column (g) to meet the desired specifications.

2.2.2.2 Kemira Leonard Process
The plant was built by Leonard Process Company, which started operation in 1982. It is
located in Finland which has an annual capacity of 20,000 tons. Kemira-Leonard process
has also been applied in different countries, like India and Korea [7]. The flowsheet of the
plant in Finland is shown in Figure 8.

Figure 8: The KL Process [7]

The formic acid production process is carried out as described below;

• Methanol and carbon monoxide enter the first reactor (a) for the carbonylation reac-
tion, with the presence of catalyst.

• Methyl formate and other substances are fed into column (b). Methyl formate with
higher saturation pressure is obtained from the distillate stream. The rest of the mix-
ture consists of methanol and catalyst, which are sent back to the first reactor.

• Methyl formate and water are first sent to a preliminary reactor (c). The outlet stream
is sent to the main reactor (d).
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• The products of the hydrolysis reaction are sent to a flash tank (e) working at at-
mospheric pressure. Methanol and methyl formate are separated from the mixture.
However, a small amount of formic acid is present in this stream

• Methanol and methyl formate are then separated via vacuum distillation column (g).
They are also obtained from different streams in column (f).

• The main product formic acid is finally purified in columns (h) and (i) with an out-
come of 98 wt.% [91].

2.2.2.3 USSR Process

Another formic acid production plant is built in Saratov, Ukraine. It started operation in
1989. Its reported production capacity is 40,000 tons per year. In this plant, the hydrolysis
process differs from other plants, as it occurs at a temperature of 80 ◦C and at a pressure
of 6 bars. The process flowsheet is shown in Figure 9.

Figure 9: The USSR Process [7]

The process occurs in following steps;

• Methanol and carbon monoxide enter a reactive distillation (a) for the first reaction,
with the proper catalyst and stabilizer. The reaction takes place at a high pressure of
30 bars.

• The products of the reactive column are distillated in column (b). The distillate stream
containing methyl formate are fed to the formic acid process.
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• Water and methyl formate first pass through the packed catalyst section (f) of the
reactive column (c), where the hydrolysis reaction occurs.

• All products of the second reaction are sent to the second distillation column (d).
Here, the formic acid-water mixture is obtained from the bottoms outlet. The methanol
and methyl formate mixture is distilled, recycled and sent to the first distillation col-
umn (b).

• The formic acid is finally retrieved via column (e) with 85% purity.

The aforementioned methods have been applied for the last decades. Their different pro-
duction capacities and improved properties have been demonstrated in different parts of
the world. But despite being actively chosen in the industry, the conventional method has
its drawbacks; First, the use of carbon monoxide can not be considered a renewable method.
Moreover, CO utilization possess an environmental safety issue. Inhaling this gas even in
small amounts can cause serious health problems for humans. Using in large scale, recy-
cling processes would require delicate piping, maintenance and more precautions to prevent
hazardous results.

Secondly, large amount of methanol is being used as reactant in the BASF process. From
literature, it is known that methanol can be obtained by a sustainable process via air and
solar power. Latest research shows that methanol also can be used as fuel in future trans-
portation. Therefore, it is becoming more valuable, and hence more expensive everyday. By
fourth quarter of 2020, one metric ton of methanol cost approximately 320 euros in Europe
[94]. This improving value of methanol is a major trade-off for production plant operations.

The third drawback is operational. The separation process simply has too many steps. For
example, in the first column of the KL process, formic acid still exists within the recycle
stream. It can be neglected. However, in the long run the ignored amount of formic acid
disfavors the process economically. On the other side, the additional separation and purifi-
cation steps increase the investment cost, and hence the operational costs.

2.2.3 Renewable Formic Acid Production

Today, formic acid synthesis can be achieved in a sustainable way through the use of biomass
and carbon dioxide. Traditional methods based on petrol and coal are gradually losing
their importance, due to their irreversible environmental damages and with the significant
reduction in the petrol and gas resources compared to the past. Recently, the development
of processes where valuable chemicals can be produced out of waste or unwanted raw mate-
rials, has become the focus of all researchers. The same trend is true for engineering com-
panies and thus countries, in this age of renewable energy transition.

37



Figure 10: Renewable FA production routes [8]

As depicted in Figure 10 formic acid can be produced by biomass utilization. As explained
in previous chapters, because of their chemical side gains (O/C ratio), cellulose-based lig-
nocellulosic biomass is the preferred, for this route. Biomass raw material can be processed
via acid hydrolysis, wet oxidation or catalytic oxidation

2.2.3.1 Formic Acid Production via Biomass

2.2.3.1.1 Acid Hydrolysis

By definition, hydrolysis is a type of chemical interaction in which water is added to the re-
actant to either form a new chemical or split the reactant into two or more new substances.
To be precise, acid hydrolysis is hydrolysis reaction being run in the presence of acidic cat-
alysts [8]. Mainly, levulinic acid is aimed to be produced.
Formic acid formation is achieved via acidic hydrolysis of carbohydrates (e.g. glucose),
which occurs as in the following two reaction steps;

• First, dehydration of sugar to its soluble intermediate, 5-hydroxymethylfurfural (HMF)
takes place.

C6H12O6 +H2SO4 −→ C6H6O3 + 3H2O (3)

This reaction takes place in harsh conditions; within a temperature range of 180-240
◦C and 25 bar pressure [95].

Operation conditions are varied according to the catalyst loading. Concentrated acid
catalyst requires lower temperatures (100 ◦C), on the contrary high temperatures are
(160 ◦C) required for dilute solutions [96].

• The second reaction is the hydrolysis of HMF to levulinic acid (LeA, C5H8O3) and
formic acid. .

C6H6O3 + 3H2O −→ C5H8O3 +HCOOH +H2O (4)

Reaction takes place in another reactor, and lasts for approximately 20 minutes [95].
The process can be optimized to fit in a single reactor.
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A similiar process can be applied for cellulose, since it has one water molecule less in its
chemical formula; the stoichiometric number of water will be one less compared to the re-
actions 3 and 4. Formic acid and acetic acids are obtained from aqueous hemicellulose so-
lutions. An other difference is the formation of furfural (C5H4O2) in the primary reaction
[97].

Sulfuric acid is the most common of many catalysts used in reactions explained above due
to its abundance and good performance. Formic acid with 4.2% and 52.5 % levulinic acid
purities were obtained from hydrolysis of glucose with 0.1M H2SO4 [98]. Yoshida et al.
realized decreasing formic acid yield in higher pH values, when fructose was used as the
source substance. His experiments proved that formic acid formation was enhanced in higher
acidic environments. He reported 8.5% yield when using HCl and 1.5% with maleic acid
[99].

As their advantages were explained (see Section 2.1.3.2), solid (or heterogeneous in this
case) catalysts are tried for better production conditions. Joshi et al. used zirconium diox-
ide (ZrO2) at 180 ◦C and reached a higher purity of 45% than zeolite based catalysts [100].
Ahlkvist et al. used a macroporous acidic ion-exchange resin, Amberlyst-70. He obtained
the highest theoretical yields reported, with 59 and 68 mol % for formic acid and levulinic
acid, respectively, in a single reactor at varying temperatures of 180-200 ◦C [101]. Men-
tioned materials made catalyst separation and recovery easy, however they offered less se-
lectivity and activity.

Acid hydrolysis method works fine for LA, practically. Therefore, the method was studied
and applied in the industry. But the method does not sound good for formic acid priori-
tized production; since it is just a by-product. This is because levulinic acid is a versatile
material. Various derivatives of levulinic acid are used in many different fields. Carboxylic
acids obtained from LA can be used as fuel source for gas turbines [102]. Also, dipheno-
lic acid, formed from the carbonyl group of LA, is involved in polymers [103], lubricants
[104], fire-proof materials [105] and paints [106] production. Finally, its methyl group used
in pharmaceuticals [107].

In current studies and even industrial applications run with acid hydrolysis, formic acid is
obtained in low amounts compared to main product LA and it is not separated properly
[108]. Possible profitability of formic acid purification is being questioned and investigated
operationally [109]. Elsewise, the extra expenses of additional equipment could be disad-
vantageous for a large scale plant where the economical feasibility is questioned.

2.2.3.1.2 Wet Oxidation

Conversion of organic biomass materials into organic acids [110] such as formic acid, acetic
acid (AA) and lactic acid (LA) accomplished by oxidation reactions. Use of aqueous solu-
tions (i.e. subcritical or supercritical water) in order to form cations and hydroxide anions
gives method the "wet" definition. Wet oxidation of glucose occurs as in the following reac-
tion [9];

C6H12O6 + 6H2O2 −→ 6HCOOH + 6H2O (5)
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Instead of hydrogen peroxide, oxygen can also be utilized. The reaction equation is given
below.

C6H12O6 + 3O2 −→ 6HCOOH (6)

The above chemical processes takes places at temperatures 150-230 ◦C and high pressure
10-50 bar [9]. Wood biomass (wood pellets, straw pellets, agricultural and industrial residues)
[111], bio-oil, lignin and therefore carbohydrates can be used for the production. Depend-
ing on the used raw material’s chemical structure, utilization conditions differ. General de-
scription of the processes are shown in the Figure 11.

Figure 11: Wet oxidation alternatives for biomass [9]

Lignin (4 g/L) is converted into formic acid and succinic acid mixture at 170-225 ◦C with
5-15 bar oxygen, without the presence of a catalyst. Low concentrations (4 g/L) gave bet-
ter yield of 44% , where high concentrations only result with 16% purity [112].

Bio-oils contain significant amount of water and oxygen, as discussed in Section 2.1.1, The
oxygen content must be lowered, in order to reduce O/C, with the excess amount of water
[113]. Therefore, the raw material is subjected to intermediate extraction processing. Then,
bio-oil is utilized in a two step process with sulfuric acid as catalyst and high pressurized
oxygen at 170 ◦C, forming no other products but formic acid with 56% yield [114].

Major results were obtained via the wet oxidation of glucose. Jin et al. tested the oxida-
tion of glucose into formate salts with high yield of 75%, in the presence of alkali catalysts
and excess amount of H2O2 at 250 ◦C inside a batch reactor. In fact, at these conditions
hydrogen peroxide converts to oxygen and water. The importance of an alkali was also in-
vestigated. Only 24% purity could be achieved in the absence of an alkali [115].

Recently, improved studies on wet glucose oxidation gave very couraging results. Common
bases such as lithium hydroxide (LiOH), sodium hydroxide (NaOH) and potassium hydrox-
ide (KOH), with hydrogen peroxide as oxidant at room temperature and atmospheric pres-
sure were used. The carbohydrate transformed into 91.3% pure formic acid with approxi-
mately 90% selectivity [10]. This experiment reached a record not only in terms of purity
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levels, but also in temperature and pressure values. Demonstration of the reaction mecha-
nism is given in the Figure 12.

Figure 12: Wet oxidation reaction of glucose in room temperature [10]

Despite the seminal works, it must be noted that the excessive use of pressure and tem-
perature in this oxidation process may cause deterioration of formic acid. For example,
Calvo et al. acquired almost less than 15% formic acid yield at 300 bar and 400 ◦C con-
ditions, although preparing a good quality hydrogen peroxide oxidant. The reaction lasted
five minutes, however the oxidant strength and temperature caused formic acid degrada-
tion [116]. Demesa et al. also reported formic acid loss at temperatures higher than 200 ◦C
when treating lignin without any intermediate substances [117]. Hence, the choice of re-
source material and catalyst limits the production. Therefore, great care must be taken to
avoid undermining the production.
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2.2.3.1.3 Catalytic Oxidation

Catalytic oxidation of biomass is achieved via a preferably acidic catalyst, solvent (mainly
H2O) and with a preferably oxygen oxidant at high pressures and moderate temperatures.
Next to the lignocellulosic biomass, red and green algae [118], animal fats, starch and veg-
etable oils [119] have been used as raw material. By the reaction, six moles of formic acid
can be obtained from a single mole of glucose [120]. The chemical relation is;

C6H12O6 + 3O2 −→ 6HCOOH (7)

Because of formic acid formation via this process, the method is frequently referred as "Ox-
idation of biomass to formic acid" (OxFA), in the literature. By OxFA processes, not only
glucose but also lignin, hemicellulose and cellulose have been reported to be oxidized with
the presence of an intermediate. The catalysts used are classified under two main types;
heteropolyacid (HPA) and vanadium based acids.

Heteropolyacids are strong acidic substances that exhibit redox properties [121]. In major
studies run by Wasserscheid et al., Keggin type polyoxometalate catalysts (H5PV2Mo10O40)
have been experimented for the oxidation of cellulose and glucose, at temperatures less
than 100 ◦C with oxygen at 30 bars. Formic acid with 1% and 50 % yields were formed
at the end of day-long procedures. The same group also converted lignin and hemicellulose
with 14% and 33% yields, respectively. In order to enhance formic acid conversions, they
introduced para-Toluenesulfonic Acid (p-TSA) based solvents at 90 ◦C and 30 bars. It paid
off well as the results, oxidation of lignocellulosic biomass showed the doubling of formic
acid yield levels and raising as high as 31% [122].

Later, Li et al. conducted the same experiments at higher temperatures (170 ◦C) and ob-
tained 35% yield from cellulose [123]. Zhang et al. achieved 68% formic acid yield from
cellulose at a higher temperature of 180 ◦C and relatively low pressure of 6 bar, with the
presence of phosphovanadomolybdic acid (H4PVMo11O40) [124] [125] .

Highest FA yield was obtained by Reichert et al., by using polyoxometalate (HPA-5, H8PV5Mo7O40)
as a catalyst in the treatment of glucose, at 90 ◦C under 20 bar oxygen gas. 85% FA purity
was achieved in a biphasic system [126].

Vanadyl sulfate (V OSO4), Sodium metavanadate (NaV O3) are two common types of vana-
dium based catalysts. Having a high melting point (630 ◦C [127]) assures that the sub-
stance remains in solid state, throughout the process. In this case, it can be defined as a
heterogeneous catalyst, where the product(s) and the reactants are in liquid state.
In the literature, combination of NaV O3 and H2SO4 have been reported to be increasing
the performance of the process. Wang et al. demonstrated this positive aspect by intro-
ducing 0.7 wt% sulfuric acid at 160 ◦C and 30 bar oxygen. Relatively high 68.2 % FA yield
was formed after an hour process [128].

Formic acid yield was increased even more by adding methanol or ethanol into the vanadyl
sulfate based catalyzed system, which inhibited side formation of CO2. With the addition
of methanol, the FA yield from glucose increased to 75.0% at 140 ◦C and under 20 bar oxy-
gen, with a reaction time of 3 hours. The same group obtained 70% yield when ethanol
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was used at 160 ◦C and 20 bar, for five hours [129].

Dorothea et al. state that OxFA systems suffer from limited FA yields below 70%, in monopha-
sic aqueous systems [130]. From many studies in the literature, it is observed that purity
and residence time are affiliated with each other in this method. Although the improve-
ments explained above have been obtained, high formic acid yields are only achieved by
long duration processes. For large scale operations, day(s) lasting processes are not feasible
due to requirement of large volume reactors. Intuitively, in order to meet the production
targets, reactor size is expected to be multiple times larger than processes which use less
time for production to produce the same amount of material. Recently, vanadium based
systems became promising. However, they suffer from high material costs.

2.2.3.2 Formic Acid Production via CO2 Utilization

Another way of producing formic acid is through the reduction reactions of carbon dioxide.
Reducing carbon dioxide levels and converting it to valuable chemicals with an environ-
mentally friendly method is more desirable than industrial solutions.

2.2.3.2.1 Catalytic Hydrogenation

Catalytic reduction (also known as chemical reduction) of carbon dioxide is the most promis-
ing operation studied among other carbon dioxide utilization methods. Hydrogenation of
carbon dioxide has already been used for methanol production. Therefore, theoretical infor-
mation was already available.
Basically, direct hydrogenation of carbon dioxide with hydrogen at 50-130 ◦C and high
pressures [131], depending on the catalyst, results in formic acid formation according to
the reaction below;

CO2 +H2 ←−−→ HCOOH (8)

The reaction is exothermic. Hence, according to the Le Chatelier’s principle, increasing the
reaction temperature would move the reaction to the reactants side [132]. Then, heat is
only required to achieve activation energy. High pressure is required to maintain reactions
with both gaseous reactants.

In order to enhance yield and selectivity of the production, homogeneous and heteroge-
neous catalysts have been used, along side with the reaction. Inoue et al. demonstrated the
first homogeneous hydrogenation reaction via Wilkinson Rhodium based catalyst, RhCl(PPh3)3,
in 1976 [56]. Currently, experiments are being run mainly on ruthenium and rhodium based
homogeneous catalysts [131], after trying other materials. This particular type of inter-
mediate has often being modeled in the literature. An example process demonstrated by
Perez-Fortes et al. has been shown in Figure 13.
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Figure 13: CO2 hydrogenation via homogeneous catalyst [11]

However, ruthenium and rhodium based catalysts suffer from high costs and separation dif-
ficulties (see Figure 13). Using Triethylamine (NEt3) as a solvent next to the catalyst re-
sults in formic acid-amine adduct as the product. Catalyst’s high activity advantage turns
into a practical disadvantage because the necessity for adduct separation and catalyst re-
covery. Additional separation steps such as extraction, distillation or reactive distillation
are required to gain back the valuable intermediate. But still some is lost along the proce-
dure. These energy intensive steps add up to the operational and capital cost.

In 1935, Farlow and Adkins conducted the first experiment with a heterogeneous raney
nickel catalyst. They operated at 80 ◦C accomplishing 55% yield after one hour [131]. Preti
et al. used gold/titanium oxide (Au/TiO2) with triethylamine base at 130 bar and 40 ◦C
obtaining 83% yield. The catalyst was reported to be stable for 37 days. However, gold
particles observed to be losing their activity when not supported. Similarly, many exper-
iments have been run with different support materials. Among them, gold/aluminum ox-
ide (Au/Al2O3) showed the best performance with high hydrogen dissociation. Ruthenium
based catalysts (Ru/TiO2) supported with alkali salts (NaHCO3, NaOH, KOH) utilized
at 100 ◦C, under 20 bar H2 and supported palladium (Pd) catalysts (Pd/T iO2) showed
good activity [8].

Heterogeneous catalysts are favored due to their many advantages. Firstly, they can be
handled easier, as they are thermally stable. This also ensures their longevity which can
be understood from the number of experiments run with a single batch of catalysts in the
literature. By definition, heterogeneous catalysts are in different physical state than the re-
actants. This difference allows the catalysts to be separated straightforwardly; for example
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by filtration [133], since they are in solid form [134]. This practicality makes them the first
candidates to be widely used in the industry.

Unfortunately, heterogeneous catalysts come with a drawback. Their active area is limited
to the surface only and once it is saturated with the reactant molecules the process cannot
proceed, causing limited molecule interaction with the reactants. Therefore, heterogeneous
catalysts suffer from mass transfer limitations, preventing higher selectivity and yield.

2.2.3.2.2 Photocatalytic Reduction of CO2

Photocatalysis reaction occurs by the absorption of light into the surface of the photocat-
alyst which is usually a semiconductor. Photocatalyst provides the required activation en-
ergy for the electrochemical cells inside. The electrons absorbed from the light source are
transported from low energy valence band (VB) of the semiconductor to the high energy
conductive band of the electrochemical cell through band gap [8]. The demonstration of
the photoelectrochemical cell is shown in Figure 14.

Figure 14: Photocatalysis of CO2 [8]

Various materials such as GaP, InP, CdTe, Si have been used as p-type semiconductors.
Ruthenium based homogeneous catalysts are also implemented to increase selectivity and
faradaic efficiency. Currently, Cu and TiO2 based catalysts and their combinations show
promising results, in addition to their abundance and cheapness [135]. Despite the improve-
ments over the years, this method has not been selected for industrial applications due to
low selectivity in water. The practical feasibility of the method is also challenging.

2.2.3.2.3 Electrochemical Catalysis

An electrochemical cell consists of two electrodes, anode and cathode, separated by an elec-
trolyte layer, material that allows only charged molecules to permeate [136]. The cell struc-
ture can be seen in Figure 15.
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Figure 15: Electrochemical reduction of CO2 [8]

Half-cell equations [90] are;

• Anode Side ;

2OH− −→ 1

2
O2 +H2O + 2 e− (9)

• Cathode Side ;
CO2 + 2H+ + 2 e− −→ HCOOH (10)

For electrodes; rhodium based Rh(diphos)2Cl, was the first developed homogeneous, metal
complex catalyst [137]. Approximately 42% current efficiency was obtained. Iridium was
also utilized as catalyst. However, ruthenium performed better at efficiency, catalytic activ-
ity and selectivity [4].
Metal catalysts containing palladium (Pd) [138], tin (Sn), mercury(Hg), indium (In), cad-
mium (Cd) have been tested. Moreover, Pd and Pb elements gave almost 100% faradaic
(current) efficiency [139]. In and Hg were also used, 80% efficiency was obtained [140] [141].
Combined configurations of heterogeneous metal electrode catalysts and electrolytes is
shown in Figure 16 below.

Figure 16: Metal electrodes and electrolytes used in electrochemical reduction of CO2 [4]
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Despite being highly common, metal catalysts require large electric potentials to prevent
formation of unwanted CO−

2 anion [4]. Different materials have been searched for lower
requirements. Aydin et al. prepared metal-free (heterogenous) catalyst with two carbon
based polymers, called as polypyrrole (PPy) and polyaniline (PAN), to promote electro-
chemical reduction of CO2 into formic acid at room temperatures and varying pressures.
PPy electrodes showed the best conversion at 20 bars, with 0.249 mM formic acid after five
hours [142].

Electrolytes are classified whether they are formed as a solution (see Figure 16). Aqueous
electrolyte solutions, reported to be increasing formic acid production by dissolving HCO−

3

and CO2−
3 ions and supply stable ion conductivity [143] [144][145]. Potassium bicarbon-

ate (KHCO3) electrolyte with copper [146][147] and palladium [148] based electrodes are
few examples. On the other hand, nonaqueous electrolytes, such as potassium hydroxide
are used for increasing CO2 solubility and decreasing hydrogen formation. New electrolytes
consist of ionic liquids [149] and liquid salts additionally reported high conductivity. There-
fore, they seem to be promising for future development.

Compared to biomass, there are no by-products reported in carbon dioxide route, besides
the substances formed from catalyst or other intermediate degradation. Therefore, only
formic acid (or formic acid adduct) is obtained from the process, in use of heterogeneous
catalysts and does not require complex separation steps. Conventional purification and cat-
alyst (or solvent) recovery steps would be sufficient. However, the current intermediates
are derived from expensive elements. Economical feasibility of this route becomes worse
in large production capacities due to material requirements and complexity in production.
Additionally, there are still uncertainties in operational (temperature and pressure) cost
requirements due to limited practical work in this method.

2.2.4 Reactor Types

The reactor is a vital component of the plant where controlled chemical reaction(s) take
place. In every reactor hosting a reaction, a catalyst is present to boost the reaction in all
manners, therefore they are also called as catalytic reactors. There are several factors in
the classification of reactors. Those are;

• Size

• Operation scenario, continuous or batch, under steady state or transient (dynamic)
condition

• The physical state of the substances within.

Depending on size, laboratory reactors are small scaled catalytic reactors, used for exper-
imenting and monitoring reaction kinetics, yield, selectivity or any other desired outputs.
On the other hand, industrial reactors, as its name signifies, are built for chemical pro-
cesses on plant sites.
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In this project, formic acid production will be demonstrated on industrial levels. Therefore
only industrial reactors are taken into account for the present literature survey. Classifica-
tion of industrial reactors are given in Figure 17.

Figure 17: Classification of industrial catalytic reactors [7]

Physical state dependency on reactor selection is quite simple as seen from Figure 17. In
industrial processes, existence of liquid-vapor mixture is inevitable, since homogeneous cat-
alysts are in the same phase with the mixture content. Nonetheless, heterogeneous cata-
lysts are employed as well, because of their practical superiority. Therefore, solid state cat-
alysts must be considered.

2.2.4.1 Fixed Bed Reactor

Fixed bed reactors are suited for heterogeneous catalyst supported gaseous phase reactions.
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The shape of the catalysts determine the catalyst bed configuration. The shape of cata-
lysts are determined by the heat source, mass transfer limitations and pressure distribution
along the system. However, if various shaped (sphere, cylinder etc.) catalysts are present,
then randomly packed beds can be equipped. Different types of catalyst bed configurations
are illustrated in Figure 18.

Figure 18: Fixed bed reactor schemes: A) Tubular fixed bed reactor, B) Adiabatic fixed-
bed reactor, C) Multitube fixed-bed reactor [7]

Heat source of the reactor is an important parameter for the configuration of the reactor.
Exothermic reactions allow the options for adiabatic operation where the heat dissipation
of the exothermic reaction runs the fixed bed reactor. This selection is applicable for op-
erations at high temperatures and low residence times. For this choice, a short but wide
shallow bed can be mounted. However, the heat amounts, temperature levels, limit the ac-
tivity of the production. In order to overcome thermal limitations, multistage reactors with
interstage heat exchangers have been introduced to demonstrate equal heating and cooling
for the reactor equipment.

In non-adiabatic reactors, heating and cooling is supplied externally through the reactor
walls. In isothermal reactors, heat is provided regularly and temperature distribution along
the reactor volume is satisfactory. For example, multitubular reactor (shown in Figure
18C) allows easy catalyst loading. Therefore, multitubular configuration can be used for
temperature sensitive and highly exothermic applications.
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2.2.4.2 Fluidized Bed Reactor

Fluidized bed reactors are equipped for operations where gaseous explosions take place
or catalyst degrades quickly. Catalyst beds can be located inside the reactor or can be
mounted side (so called integrated cyclones) of the reactor as seen in Figure 19.

Figure 19: Fluidized-bed reactor with catalyst recirculation [7]

Catalyst particles are fed and carried along the equipment in a fluidized state by an up-
stream of reactants which are in liquid or gaseous state. The process is dictated by flow
rates of the fluids which is a limitation in this case. On the other hand, the direct contact
between the inlet stream and accelerator substance provide good contact, thus high chem-
ical activity. The fluid flow distribution in fluidized bed reactor is accomplished by perfo-
rated plates, nozzles or bubble caps placed at the bottom of reactor equipment.

Fluidized bed reactors suffer from expensive catalyst separation and purification processes
because of additional cyclone and filter requirements, despite the good quality in heat and
mass transfer mechanisms. The catalyst still remains inside the product flow must be sepa-
rated right before reactor outlet and returned to the catalyst bed for the next batch. More-
over, the high flow velocities must be avoided for possible erosion of the physical structure.

2.2.4.3 Slurry Reactor

Slurry reactors equipped to achieve chemical interactions between solid catalyst and gas
particles which are dissolved in a liquid. Hence, the catalyst particles must be small (<200µm).
Slurry reactors are divided into fixed bed or suspension reactors, depending on the catalyst
bed configuration.

Fixed bed reactors have trickle bed and bubble flow configurations, based on reactant flow
direction [150]. In trickle bed arrangement, the gas containing liquid flows downwards through
the catalyst bed. Catalyst contact is assured by countercurrent or concurrent flows.
Trickle bed configuration shows no signs of difficulty in catalyst separation. Therefore,
intermediate recovery is satisfactory. Moreover, chemical interactions can be carried out
quickly, without requiring much energy due to the natural downflow of the materials. How-
ever, this speed may not be favored throughout the reactor and in some cases it may be
partially insufficient.
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Figure 20: Packed bubble column or slurry reactor [7]

Bubble-flow reactors are fed from the bottom section. Inlet stream proceeds through re-
actor via an upstream flow, as shown in Figure 20. Bubble flow configuration is preferred
over fixed bed, due to high heat and mass transfers and ability to work at low flow speeds.
The flow pattern can be set by perforated plates, tubes or nozzles. The catalyst can be
supplied either internally with a catalyst bed built inside or externally by ventury jet tubes.

Slurry reactors provide good and homogeneous chemical activity, temperature control at
reasonable operational and costs, therefore being used in numerous industrial applications.

2.2.4.4 Reactive Distillation

The combination of reactor and distillation column allows reaction and separation pro-
cesses simultaneously. The chemical conversion occurs inside the non-conventional equip-
ment volume. Then the product substance with the higher tendency to evaporate is re-
moved from the top of the reactor by fractional distillation.

Any possible unwanted side reactions due to excess amount of product or reactant can be
avoided due to quick separation. The process suffers from mass and heat transfer limita-
tions due to different types of chemical mechanisms present. Therefore, their combined ki-
netics must be investigated together [151].

2.2.5 Thermodynamic Models

First two steps in modelling chemical process by a simulation package program are com-
ponent and method definition. Components can be easily selected from the databank. On
the other hand, method has to be chosen according to multiple factors and it is a crucial
step for an engineer. Method selection is the determination of the most suitable thermo-
dynamic model for the simulation. Selection relies on chemical classification and structure
of the components, operation temperature, operation pressure and whether the process is
assumed as ideal. Simulation results close to the real-life experiments can only be achieved
by implementing the correct thermodynamic properties.

Determination of thermodynamic properties consists of [152];

• Equation of state (EOS),
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• Activity coefficient model (non-ideal, multi-component liquid phase),

• Enthalpy model.

Additional parameters, K-value and vapor pressure, are calculated through these proper-
ties. In present study, only non-ideal mixture/component properties will be focused and
explained. Assumption reason is to construct a realistic system.

2.2.5.1 Equation of State

Equation of state is the combination of thermodynamical and mathematical relation be-
tween temperature, pressure and volume (or specific volume) for substances also for mix-
tures.

• Cubic EoS;

– Peng-Robinson (PR) : Applied for non-ideal, two phase (vapor-liquid), mixtures
with non-polar substances. It is suitable for all temperatures and pressures for
mixtures containing hydrocarbons [153].

– Soave-Redlich-Kwong (SRK): First Redlich and Kwong derived an equation of
state working great for non-ideal liquid mixtures, Soave introduced a new pa-
rameter "accentric factor", making vapor phase predictions of hydrocarbons far
more accurate. It can be used for non ideal vapor-liquid mixtures which contain
non-polar components [153].

• Viral EoS; Valid for gases at low density and low pressure [152].

– Hayden-O’Connell : It is well developed for both ideal and non-ideal, vapor mix-
tures at low pressure.

2.2.5.2 Activity Coefficient

Activity coefficient is factor for liquid mixtures to measure their deviation from ideal condi-
tions.

• Non-Random Two Liquids (NRTL) : It is an improvement over Wilson and Van Laar
activity coefficients. It can be used both for liquid-liquid and vapor-liquid mixtures.
Solves azeotropic mixtures (for example, formic acid-water) very well.

• Universal Quasi Chemical (UNIQUAC) : It is widely applied for non-ideal liquid solu-
tions containing non-polar and/or polar components. Two parameters (q and r) must
be entered before calculations.

• UNIQUAC Functional-group Activity Coefficients (UNIFAC) : Improved version of
UNIQUAC. It is practically advantageous to use if the binary interaction parameters
are not available for aqueous mixtures with no polar compounds.
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2.2.5.3 Enthalpy Model

Required for energy balance calculations. Excess enthalpy models are coupled to the EoS
to demonstrate enthalpy values as excess functions for non-ideal systems [152].

The next step after completing the literature review is to establish a formic acid produc-
tion system with the information obtained.
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3 Basis of Design of Renewable Formic Acid Production Plant

Research and evaluation of the current or developing technologies is followed by definition
of limits,goals, methods and logistical decisions prior the modelling of the plant.

3.1 Basis of Design

Basis of design (BOD) sheet is an instruction manual prepared by engineers alongside the
customer’s requests. It shows how the process will be handled [154]. The fundamentals
that should be involved in the document are explained one by one below

3.1.1 Capacity & Operation Scenario

According to Douglas [155], first step of the design procedure is to determine the operation
scenario based on production capacity which can be done continuously or in batches. Two
different annual formic acid production capacity levels, 10 kton and 100 kton are set, in
order to measure and observe the effect of capacity on operational capability.

This capacity will be the designated target of the plant, whose effects will be investigated
further. The capacity amount is set equal to the BASF plant, the largest plant built for the
formic acid synthesis, capacity can be satisfied.

The operation scenario depends on capacity as it follows;

• For production rates higher than 5,000 tons per year, batch production scenario is
not feasible operationally in order to reach production targets [155]. Also for large
scale operations, plant start and stop process get cumbersome (immediate start is not
possible) and takes more energy to start-up components working at high tempera-
tures.

• In addition, the requirement of the plant is neither season nor specification depen-
dent. Therefore, a batch process would not be advisable.

Therefore the plant will operate continuously. It is assumed that the plant will operate 360
days per year, remaining 5 days and 0.25 hours are left for maintenance and repairs. Mean-
ing that, 8640 hours of operation every year.

3.1.2 Plant Location

After deciding on the plant capacity, it must be decided where the production will take
place. The selection can be gathered around on three main factors; 1) Financial, 2) District
and 3) Political [14]. All factors and their parameters are given in Table 4. In this study,
only financial parameters will be taken into account.
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Table 4: Location factors [14]

By the list on Table 4, Rotterdam Port is selected for the formic acid production plant be-
cause of its satisfaction on transportation facilities, distribution systems, labour availabil-
ity and quality, the most important is the market availability and proximity. The study is
aimed for Europe currently so, Rotterdam port, the largest and the smartest port in the
continent [156], can provide the best resources for the parameters taken into consideration.
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Figure 21: Rotterdam port carbon levels [12]

Another positive aspect of Rotterdam port is the carbon dioxide emission levels, as a mat-
ter of fact it is harmful for the environment indeed but it is a good resource. A press re-
lease from the Port states that, Rotterdam’s industry have lowered their carbon emissions
by 3.8 % but the refineries increased theirs [12]. From the Figure 21, the carbon emission
levels of the industry is still high with approximately 25 million tonnes in 2019. Hence,
these stationary sources will be a great source for the formic acid production via carbon
dioxide.

3.1.3 Final Product Quality & Purpose

The quality of a chemical product varies according to the production stages and conditions.
Likewise, this difference in quality plays a vital role in determining the processes in which
the product can be used, and therefore the buyer range. The production capacity is shaped
in line with this supply and demand. For this purpose, formic acid is available in the mar-
ket with a purity of 85, 90, 95, 98, >99 percent. Highest purities are used in laboratories
and chemical applications. The most common is stated to be 85% which can be used as
fuel for power and transportation [93].

Since it has a wider range of customers, 85% pure formic acid is decided to be produced.
The purity level chosen has economic benefits due to lower operation costs because of less
energy intensive separation processes compared to higher purities.

The selected purity level is still sufficient for industrial use as fuel. Therefore, syngas pro-
duction is the chosen purpose for the formic acid. Syngas is normally produced with a
combination of endothermic steam reforming of methane (SRM) and exothermic water gas
shift (WGS) reactions. By formic acid being fed to the SRM process, WGS reaction can be
unnecessary. That is because formic acid decomposes into H2 and CO2 and required hy-
drogen:carbon monoxide ratio is satisfied within the SRM reaction. Where this ratio was
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conventionally accomplished by WGS reaction. It is a promising feature due to high tem-
perature requirements of water gas shift process [157].
After determining the production targets, quality and plant location, facilities have to be
modeled and simulated in the process flowsheeting package program.

4 Model Design

Various methods by which formic acid can be produced from biomass and carbon diox-
ide are available in the literature. Among the methods, wet oxidation of glucose has been
picked for the biomass route and catalytic hydrogenation is picked for carbon dioxide route.
The reasoning is explained in Appendix 10

4.1 Process Design

Flowsheet design and simulation of the formic acid production methods chosen will be ex-
plained below. ASPEN Plus V8.8 process flowsheeting package program have been used for
the simulations.

4.1.1 Targets & Assumptions

Designed flowsheets include, pre-treatment and glucose synthesis of lignocellulosic biomass,
conversion of glucose to formic acid by wet oxidation, carbon dioxide capture from syngas
by pre-combustion method and conversion of carbon dioxide to formic acid by hydrogena-
tion. Formic acid storage and further processing of the product for fuel based purposes is
not in the scope of the present thesis. Therefore, these have not been considered. Before
starting to modelling some assumptions have made;

• Process is steady state.

• All vapor liquid mixtures are assumed to be non-ideal, this selection affects the choice
of thermodynamic model in ASPEN method selection.

• All catalysts and other intermediate substances are ready for utilization, catalyst
preparation procedures are neglected.

• Syngas for CO2 supply is assumed to have a constant composition.

• Pre-treatment and carbon dioxide capture flowsheets are set up separately but out-
let conditions of these processes have been entered to the formic acid synthesis flow-
sheets.

• All pumps and compressors have an isentropic efficiency of 0.75, assumption based on
previous modellings in literature [93].
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• After completing process modelling and obtaining the initial energy results, ASPEN
Energy Analyzer suggested solutions to increase energy savings. The energy analyzer
program offered usage of heat exchangers to transfer the excess heat of cooling pro-
cesses to the process streams where heating is required. Therefore, excess heat within
the systems is used to decrease energy consumption in every process. Instead of go-
ing through tedious design procedure of a heat exchanger for every two stream (one
cold and one hot), two equipments and a heat stream is defined. A heater or cooler
is placed where temperature change is required and a heat stream is used to transfer
heat between equipments. Both types of equipment are designed separately, their cost
and the cost of heat stream is also included in economic calculations.

4.1.2 Biomass Pre-Treatment & Glucose Synthesis in Present Study

In feedstock treatment, lignocellulosic biomass is processed through pre-treatment. Fol-
lowed by glucose synthesis. The glucose formed then is purified by removing the solid con-
tent. A glucose water mixture is obtained and sent to formic acid synthesis process.
The first and the most important step of the modelling is the implementation of lignocellu-
losic biomass into ASPEN. Unfortunately, the organic content of the lignocellulosic struc-
ture is not available in the package program. Since it can not be defined from chemicals
present in program’s databanks, biomass raw feedstock is modelled as a non-conventional
substance. It’s enthalpy and specific heat values are calculated by HCOALGEN and DCOALIGT
property methods in ASPEN Plus, respectively [158].

As stated in Section 2.1.1, lignocellulosic biomass mainly consists of cellulose, hemicellu-
lose and lignin, which are also not defined specifically in ASPEN databanks. In standard
conditions all three substances are in solid state [159]. Therefore, their type have to be de-
fined as "Solid" in component definition tab. Hemicellulose is defined as Xylan, which is
the main component of hemicellulose [159]. Lignin and cellulose are defined as themselves.
However, in order to balance mass and energy, ASPEN needs several properties entered by
hand in pure component properties tab. Manually defined properties are given below.

• Molecular weight, number of elements

• Solid enthalpy of formation

• Solid molar volume

• Solid heat capacity

After the component definition, the thermodynamic model has to be defined. Peng-Robinson
thermodynamic model is selected due to its applicability for non-ideal mixtures and non-
polar components. Also the chosen method is compatible for organic matter processing
[33]. Simulation model can now be built. The flowsheet of the simulation can be seen in
Figure 22
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Figure 22: Process simulation of biomass pre-treatment and glucose synthesis

The pre-treatment flowsheet begins with the definition of lignocellulosic biomass into the
simulation. For processing the raw material along the flowsheet, element composition of the
biomass material is entered by hand to the BIO-FEED stream as non-conventional solid.
ASPEN estimates its content by proximate and ultimate analysis. The explained process is
only for defining the biomass raw material into the simulation environment. Compositions
of cellulose and other organic content still must be defined into the flowsheet. RYIELD re-
actor is the only available equipment for this purpose. However, the wood pellet also con-
tains ash. Since it does not react with any substance, it is assumed as an inert component
therefore it has not been defined in the product stream.

After defining the raw feedstock, lignocellulosic biomass is heated up to 165 ◦C through
a shell and tube heat exchanger (HEX1) in order to pre-heat the biomass material. The
process is followed by the steam explosion via a pressure reactor. Biomass material with
high pressure steam (160 ◦C, 6.5 bar), is exposed to 24 bar pressure at 224 ◦C. Pressure is
then reduced back to the atmospheric levels. By the process, lignin matrix is ruptured and
hemicellulose is liquefied. Due to selected temperature and pressure levels, cellulose and
hemicellulose (xylan) are hydrolyzed to glucose and xylose [160], with conversion fractions
of 4.4% and 84.6% [161], respectively.

The products of the steam explosion, then sent to the enzyme hydrolysis. Cellulase enzyme
from Trichoderma reesei, is used as catalyst for the process. It includes three enzymes;
endo-1,4-β-D-glucanase, exo-1,4-β-D-glucanase β-glucosidase for cellulose to glucose con-
version [162]. Enzyme loading of 15 Filter Paper Unit (FPU) per gram of cellulose is a
commonly used to achieve economically reasonable sugar yields from pre-treated biomass
feedstock [163]. Here, cellulose is hydrolyzed, forming glucose at 60 ◦C. A fixed bed reac-
tor is chosen for the process in order to ensure the contact between the solid cellulose and
solid enzyme surfaces in an aqueous environment with water, resulting in a 75.8% glucose
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yield. Under the reaction conditions indicated, the enzyme hydrolysis process takes 4 hours
[161]. In order to satisfy the production rates (both 10 kton and 100 kton) and to achieve
the most economically beneficial outcome, an economical analysis has been run. It is deter-
mined that, the configuration with 4 enzyme hydrolysis reactors is the most beneficial.
The temperature level is set by the performance of enzyme intermediate. Viikari et al.
states that the FPU activity of the enzyme showed the highest activity and better ther-
mal stability at 60 ◦C [164]. At higher temperatures, same group noticed inactivation of
enzyme.
After the hydrolysis reaction, solid content is separated by a vacuum drum filter. Finally,
xylose is removed from the rest of the stream by a separator tank. By the above process, a
slurry mixture of glucose and water is obtained.

4.1.3 Conversion of Glucose to Formic Acid

Glucose from the pre-treatment flowsheet is converted to formic acid by wet oxidation.
Glucose oxidation occurs by two separate ways via hydrogen peroxide or oxygen. After the
formic acid synthesis, unreacted substances are recovered. Finally, the formic acid is dis-
tillated until the purity target is reached. In both designs Peng-Robinson thermodynamic
model is selected. However, for non-ideal formic acid and water mixture, which forms an
azeotrope, Non-Random Two Liquid - Hayden O’Connell (NRTL-HOC) method [91] is used
for distillation columns.
Flowsheet of formic acid production with hydrogen peroxide is shown in Figure 23.

Figure 23: Process simulation of wet oxidation of glucose with hydrogen peroxide

The process directly begins with the oxidation of slurry glucose. Glucose is not pre-heated
to reaction temperature in order to prevent glucose decomposition into hydroxymethylfur-
fural at temperatures above 200 ◦C [165]. Hydrogen peroxide used is a 30 wt.% water solu-

60



tion. Oxidation occurs at 250 ◦C and 31 bars within a slurry reactor. The specified reactor
was chosen to provide homogeneous heat distribution and to ensure the contact between
liquid and aqueous reactants and solid intermediates, KOH and NaOH. Excess amount of
hydrogen peroxide is given to the reactor, which means that more than the stoichiometric
requirement, in order to prevent dehydration of glucose, which may result in formation of
5-hydroxymethyl-2-furaldehyde (HMF) that easily forms acetic acid via oxidation. Glucose
oxidation without hydrogen peroxide resulted only 24% formic acid yield [166]. By 120%
hydrogen peroxide loading also with addition of 1.25M alkali catalysts such as KOH and
NaOH, the yield is increased up to 69% [166]. Addition of NaOH prevents the decompo-
sition of formic acid into carbon dioxide due to presence of hydrogen peroxide. It must be
noted that, at the given reaction conditions, hydrogen peroxide decomposes. Normally, hy-
drogen peroxide decomposes into water and oxygen when reaching its boiling point at 150
◦C. However, the effect of temperature greatly affects the reaction. An increase of 10 ◦C in
temperature increases the rate of the decomposition 2.3 times [167]. Therefore, the remain-
ing hydrogen peroxide is assumed to be converted into water and oxygen.

After the products exiting the reactor, un-reacted glucose is separated from the mixture.
Due to high vaporization temperature, first, glucose is separated from rest of the product
mix at 200 ◦C and atmospheric pressure by GLU-FLASH liquid outlet. Next, oxygen is
separated with another flash tank operating at 20 ◦C. Finally, the remaining stream con-
taining formic acid is sent to a configuration of 4 fractional distillation columns. The ideal
number of distillation towers is determined by simulating the process with ASPEN Eco-
nomic Analyzer, in order to obtain optimum economic result by increasing the equipment
costs and reducing operation costs. Moreover, because the formic acid weight fraction is
higher than 20%, extractive distillation or pressure swing adsorption is not necessary. In
the end, formic acid with 85% purity is obtained as the final product.

The second method of wet oxidation of glucose, via oxygen, is shown in Figure 24
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Figure 24: Process simulation of wet oxidation of glucose with oxygen

In the second wet oxidation process oxygen gas enters the reactor and reacts with slurry
glucose at 200 ◦C and 33 bars [168]. Again, the glucose is not pre-treated to prevent glu-
cose decomposition into HMF. [165]. By the addition of 0.67% ferric sulfate, 30wt.% yield
level is obtained.
After the reaction, glucose is separated at 220 ◦C and 1 bar. Followed by oxygen separa-
tion at 25 ◦and 1 bar. After the oxygen separated, the remaining stream enters the frac-
tional distillation columns. Finally, formic acid with 85 wt.% is obtained as the end prod-
uct.

4.1.4 Carbon Dioxide Capture from Syngas with Pre-Combustion Method

The carbon dioxide to be used in hydrogenation reaction is acquired via absorption mecha-
nism. Amines are frequently used in conventional applications. However, chemical solvents
reacting with the source gas require additional separation processes. Since no perfect sepa-
ration is possible, some amount of valuable intermediate is always lost. These technical and
practical aspects can be avoided by utilization of physical solvents at high pressure and low
temperature.

Selexol is a commonly used physical solvent in carbon dioxide absorption. However, Selexol
is the commercial name of the glycol based solvent. Dimethyl ether of polyethylene glycol
(DMEPEG) is used in the simulation as chemical equivalent [75].
DMEPEG has advantages over conventional chemical solvents such as;

• Working compatibility with H2S and CO2,

• Lower gas desorption duty
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• Less corrosion

• Lower power consumption for solvent recovery and circulation

DMEPEG consists of polymer chain lengths of glycol ethers which make them a polar molecule
and functions properly at a temperature range of 0-25 ◦C [88]. The structural affinity of
DMEPEG with H2S and CO2 shows improved absorption which is important and one of
the main reasons why physical solvents are drawing attention.

In order to represent the thermodynamical behavior of the physical solvent and taking the
literature studies [169] into consideration, perturbed-chain statistical associating fluid the-
ory (PC-SAFT) [169] has been selected in the program . DMEPEG data for vapor pres-
sure, liquid density, heat capacity, viscosity, thermal conductivity is provided by Coastal
Chemical [170]. Solubility data including binary interaction parameters between DMEPEG
and selected components is provided by the studies of Xu et al [171]. Which showed similar
results to the experimental carbon dioxide and hydrogen sulfide solubility data in physical
solvent in various temperatures. Carbon capture flowsheet is shown below in Figure 25

Figure 25: Process simulation of carbon capture via DMEPEG

The syngas from the gasification plant enters bottom of the absorber column. Since the
syngas is received from an another source plant, its storage conditions are unknown. There-
fore, it is assumed to be entering the absorber at 20 ◦C and 31.9 bar. The physical solvent
at -1.2 ◦C and 31.9 bar enters from the top stage.

The absorber column, which consists of 4 stages, works at 31.9 bar. The CO2 rich DMEPEG
mixture from the bottom of the absorber column is sent to a flash tank, CO2-FL, sepa-
rated at 6.75 ◦C and 1 bar. The CO2 is then purified at SEP-TANK. As a result, 99.67
wt.% pure carbon dioxide is obtained.
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4.1.5 Hydrogenation of Carbon Dioxide to Formic Acid

Conversion of the captured carbon dioxide into formic acid via hydrogenation, is shown in
Figure 26

Figure 26: Process simulation of carbon dioxide hydrogenation

PC-scalar method is used in the simulation due to presence of non-ideal mixtures, both
polar and non-polar substances and high pressure applications.
Carbon dioxide is pressurized up to 180 bars with a six stage compressor. Hydrogen in
storage conditions is also pressurized to reaction conditions via three stage compressor.
Triethylamine, which is an intermediate substance favoring the thermally endergonic and
chemically unreactive hydrogenation reaction [131], reaches to 180 bar with two pumps.
These streams are mixed, again heated to the reaction temperature and enter the first reac-
tor. Hydrogenation of carbon dioxide occurs at 40 ◦C and 180 bars. High temperature and
pressure is required to function the heterogeneous Au/TiO2 (commercially known as AU-
ROlite) catalyst. Use of homogeneous catalyst is avoided because of the separation draw-
backs and possible decomposition to CO2, H2 and Net3 [172]. The reaction lasts for 72
hours and to ensure the annual production requirements, in the reference article, a system
with 74 catalytic reactors is designed [173]. Therefore, in the initial design of this study,
72 catalytic reactors are equipped. Since all three phases are present, bubble column sus-
pended bed reactors are preferred because of high pressure and continuous operation [174].

After the REACTOR1, the un-reacted hydrogen and carbon dioxide gases are recovered
by flash tank H2CO2 − FL at 175 bar and 40 ◦C. Formic acid - amine adduct is the main
product of the hydrogenation reaction. Adduct is a molecular combination of two separate
compounds forming a new chemical structure, which is not defined in ASPEN Plus. More-
over, formed adduct has different structure therefore different properties and no specific
experimental data can be found in the literature. Hence, those properties have to be nu-
merically estimated. This is done by group contribution methods.

In the literature, group contribution methods are defined as package of equations calcu-
lating thermal properties of a substance according to its chemical structural groups. Each
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method has different set of structural group. Because of its simplicity and compatibility
of structural groups to the used chemicals in the flowsheet, Joback method is used. Via
Joback method the following properties are estimated;

• Critical temperature, pressure, volume

• Boiling and freezing temperatures

• Enthalpy of formation

• Gibbs energy of formation

• Enthalpy of vaporization

• Enthalpy of fusion

• Molecular weight

• Viscosity

Amine adduct forms an azeotrope, hence a satisfactory separation is energy intensive. In
reference article, amine adduct is decomposed and separated via reactive distillation and
Butylimidazole (BIZ) used as solvent. However there is no T-x or x-y data of the amine
adduct and BIZ mixture is available but the reaction equation is known. Therefore, in or-
der to define the process, RSTOIC reactor is used. The second reactor runs at 178 ◦C and
1 bar, BIZ decomposes the amine adduct with an amine shift reaction, forming butylimida-
zole - formic acid adduct. Properties of BIZ and BIZ-formic acid adduct are also estimated
with the same group contribution method. After the second reactor, Net3 is separated by
NET3-FL flash tank at 110 ◦C and 5.6 bar. The remaining BIZ adduct decomposed to
formic acid and BIZ in third and the last reactor at 97 ◦C and 0.2 bar. Formic acid and
BIZ mixture does not form an azeotrope. Hence, it is separated with a vacuum distillation
column at 0.2 bar. In the end, 85 wt.% pure formic acid is obtained.

4.2 Stoichiometric Calculations of the Above Method

The required inlet amounts must be determined for the initial input estimation. Calcula-
tion is basically done by balancing the reaction equations and implementing yield values of
the selected production routes.
Mass calculations have been advanced from the end to the beginning. Since the annual
product amount from the 360 days of operation is known, hourly formic acid production
rates can be calculated by simple unit conversion.

4.2.1 Biomass to Formic Acid Conversion Calculations

In wet oxidation of glucose with hydrogen peroxide, one glucose molecule and six molecules
of hydrogen peroxide produce six formic acid and six water molecules (Section 2.2.3.1.2), as
shown in Equation 5
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An alternative route is the wet oxidation of biomass via oxygen gas, one molecule of glu-
cose with 3 oxygen molecules result in six formic acid molecules (Section 2.2.3.1.2), the
reaction is given in Equation 6. By the chemical reaction equations, theoretical amount
of glucose requirement is calculated. However, glucose is planned to be obtained via pre-
treatment processes. From the glucose amount, biomass inlet is estimated.

In the last pre-treatment operation, enzyme hydrolysis, 75.8% of the organic content of
the lignocellulosic biomass is converted into glucose. By this estimation, required cellu-
lose amount is estimated. Steam explosion selectivity is taken as 1, as the whole batch of
organic material is exposed to high pressure and temperature.

However, the raw material entering to the very beginning of the formic acid synthesis pro-
cess is wood based products. The required amount of raw feedstock is simply calculated
by their cellulose content. Pure pine based wood pellet [175] is chosen for supply due to its
high cellulose content and abundance.

The enzyme amount is calculated based on its loading rate and volumetric activity. Cellu-
lase enzyme has activity of 65 FPU/mL [176], with 15 FPU/g-Cellulose loading, 15/65=0.23
mL-Cellulase/g-Cellulose has to be used in the processes. The total amount required is
computed according to the cellulose inlet amounts in oxygen and hydrogen peroxide meth-
ods.
Finally, all the required raw material amounts are calculated. The estimated values for
both oxygen and hydrogen peroxide routes together with their pre-treatment and formic
acid synthesis are shown in Table 5

Table 5: Inlet mass flow rate for biomass to formic acid production

From Table 5 it can be observed that, the oxygen route consumes more biomass material
than the hydrogen peroxide route. The reason is the difference in the yield values of the
reactions. Yield levels of wet oxidation of glucose oxidation are 30% and 69% in oxygen
and hydrogen peroxide routes, respectively.
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4.2.2 Carbon Dioxide to Formic Acid Conversion Calculations

Calculation of the total required amount of carbon dioxide begins with the formic acid pro-
duction.
CO2 is converted into formic acid by the hydrogenation [173] . The reaction equation is
given below.

CO2 +H2 + C6H15N −→ HCOOH − C6H15N

The product is called formic acid amine adduct and has to be chemically decomposed,
hence Butylimidazole is used in process known as amine shift reaction. The chemical equa-
tion is;

HCOOH − C6H15N + C7H12N2 −→ HCOOH − C7H12N2 + C6H15N

By the explained reaction, triethylamine is recovered. The butylimidazole formic acid adduct
does not form an azeotrope, separation reaction occurs in a reactor at 97 ◦and 0.2 bar;

HCOOH − C7H12N2 −→ HCOOH + C7H12N2

Theoretical estimation of carbon dioxide and other intermediate substance quantities is
basically done by mass balance of the production reactions. Actual produced amounts can
be calculated by multiplying theoretical amounts with yield.
How much CO2 is required is known. However, it is found with a proportion inside the
syngas. In order model, its mass amount and content have to be entered to ASPEN. Sev-
eral documents from the literature have been taken as reference for the gas content. How-
ever, it must be stated that by assumption no prior pre-treatment for the syngas is taken
into consideration. The syngas content with mass percentages [82] [177] [178] , is given be-
low;

• CO2: 85.59%

• H2: 5.34%

• N2: 6.65%

• H2O: 0.06%

• H2S: 0.32%

• CH4: 0.02%

• CO: 1.08%

• Ar: 0.94%
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As a result, all the compound inlet mass flow rates are known. The estimated values for
both carbon capture and carbon dioxide hydrogenation are given in Table 6.

Table 6: Inlet mass flow rate for carbon dioxide to formic acid production

After the explanation of the designed raw material acquisition and formic acid production
processes, in the next section, the energy and economical viability of the value added chem-
ical synthesis will be examined.
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5 Results: Energy & Economical Feasibility of Formic Acid
Production

Energy and economical analysis results of the flowsheets will be performed in the following
part of the thesis report. Carbon dioxide and biomass routes will be evaluated and com-
pared, also effect of production capacity will be investigated whether it is advantageous to
produce in large amounts. Therefore, production capacity scenarios of 10 kilo tons and 100
kilo tons of annual production have been taken into account.

5.1 Energy Analysis of Formic Acid Production

Utility consumption and overall energy efficiency is calculated in energy analysis.
Heating, cooling and electricity consumption per ton of formic acid (FA) produced is esti-
mated and shown in Table 7 in order to view the energy intensity of the processes.

Table 7: Utility consumption per ton FA produced

From Table 7, it is seen that;

• Wet oxidation requires significantly higher heating and cooling energy requirements
than hydrogenation because of higher reaction temperature conditions.

• Hydrogen peroxide method requires more heating in oxidation reactor and glucose
separation due to higher inlet material flow rates. Moreover, the cooling duty differ-
ence between the wet oxidation routes is higher than heating. The reason is the low
temperature oxygen separation.

• Due to 180 bar operation, electric power requirement of the carbon dioxide process
surpasses the biomass route. In addition, the reason why the cooling usage is much
higher than any other consumption values is that the hydrogenation reaction. Be-
cause the presence of triethylamine, the reaction becomes exergonic [131]. Therefore,
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based on the total number of reactors used in the initial design, the process of syn-
thesizing formic acid from carbon dioxide requires a significant amount of cooling.

Additionally, energy efficiency of the methods are also investigated by creating an overall
energy balance. Biomass route have been considered together with pre-treatment and car-
bon dioxide route with carbon capture model. Efficiency evaluation is done by the follow-
ing relation;

η =

∑
Eout∑
Ein

100 =
EHHVproduct∑

EHHVinlet
+ Eelectric + Eheat

100 (11)

In equation 11,
∑
Ein is the total inlet energy [MW], which includes the sum of higher

heating values (HHV) of the entering materials [MW], the required energies; heat and elec-
tricity.

∑
Eout is the sum of the higher heating values of the product(s) obtained. The en-

ergy efficiency of the biomass and carbon dioxide routes have been calculated and shown in
Table 8

Table 8: Overall efficiency results

From Table 8 it can be seen that;

• In biomass pre-treatment, HHV of the lignin, hemicellulose and xylose are also in-
cluded next to the glucose. In oxygen route pre-treatment process, more lignocellu-
losic biomass feedstock is fed into the system due to difference in required glucose
amounts between the methods because of the formic acid yields. Thus, more heating
and cooling is needed for the glucose synthesis.

• In wet oxidation, both required heating and cooling energies are higher in hydrogen
peroxide utilization. The excess amount of 30 wt.% hydrogen peroxide solution is the
main reason in energy consumption.

• Despite the glucose amount used in the oxygen method is higher, it has been ob-
served that the energy efficiency in the hydrogen peroxide method is lower. The rea-
son for this difference is, again, the hydrogen peroxide used. Despite its low HHV
(0.9 MJ/kg), the amount used has increased

∑
Ein considerably.
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• Because of its lower reaction temperature requirements, in carbon dioxide hydrogena-
tion, less amount of heating is required when compared to the other formic acid syn-
thesis methods. In contrast, the use of electricity is more due to the high pressure
requirement of hydrogenation and the following carbon dioxide and hydrogen separa-
tion processes.

That sums up the energy analysis of the formic acid synthesis. In the next section, eco-
nomical aspects are discussed.

5.2 Economic Feasibility of the Formic Acid Production Plant

The economic feasibility of the formic acid synthesis is measured by calculating the mini-
mum selling price per ton of formic acid and net profit. Thus, fixed and variable costs have
to be calculated. Each cost of the formic acid production plant is explained in detail in the
sections below.

5.2.1 Equipment & Capital Cost

Equipment costs are partially estimated via Aspen Economic Analyzer. There are pre-
defined types of equipment in the cost calculator in ASPEN Plus and every equipment
has physical limitations such as size, capacity, power etc. However, all equipments do not
match the system requirements and therefore the program gives calculation errors. Hence,
another sort of equipment must be chosen.
In case, where equipment cost data is not available or can not be estimated via ASPEN
Plus, the correlations given in Table 33 and 34 in Appendix 13 are used to calculate equip-
ment cost by Equation 12 [15];

Costpurchasecomponent = acomponent + bcomponent S
ncomponent

component (12)

Capital cost is the total cost of the equipments in a production plant. In addition of price
of the equipment, costs such as delivery, installation, piping and electrical systems con-
tribute to the cost estimation. The capital cost of small scale production is calculated via
ASPEN economic analyzer and Equation 12. In order to calculate the capital cost of the
large scale production, cost curve method [15] is used. Capital cost of a plant can be re-
lated to capacity by the following relation;

C2 = C1

(
S2
S1

)n

(13)

Where;

• C2: Inside battery limits (ISBL) capital cost of the plant with capacity S2,

• C1: Inside battery limits (ISBL) capital cost of the plant with capacity S1,

• Exponent n depends on the type of the process but in the chemical industry in gen-
eral, taken as 0.6 [15],
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Table 9: Equipment & Capital cost of 10kTON annual formic acid production

From Table 9 it is seen that;

• In wet oxidation, H2O2 method has higher equipment cost. This is because increased
reactor volume. Total amount of material entering, mainly determines the size of the
reactor. Inlet material rates in oxygen method is 5583.23 kg/hr (1341.92 kg/hr oxy-
gen and 4241.31 kg/hr slurry glucose mix, can be found in Table 26 in Appendix 11)
and 5813 kg/hr (4500 kg/hr hydrogen peroxide and 1313 kg/hr slurry glucose mix,
can be found in Table 25 in Appendix 11) in hydrogen peroxide utilized method. In
addition to the inlet mass flow rate differences, H2O2 decomposition into water and
oxygen inside the reactor also contributes to larger reactor volume. Also due to the
generated oxygen, a flash tank is necessary to remove unwanted O2 gas.

• The equipment cost of carbon dioxide hydrogenation is the highest of all. That is be-
cause of the number of reactors required for the hydrogenation reaction due to resi-
dence time of 72 hours. Based on work [173], where 74 catalytic reactors are imple-
mented, the configuration of 72 reactors is economically not realistic. Therefore, reac-
tor quantity must be dropped (Section 5.3.0.1 and 5.3.0.2).

5.2.2 Raw Material & Intermediate Costs

Raw material costs are the major expense of a production plant. In other words reactant
and intermediate substance costs are considered as the bottleneck of the plant economics.
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Practically, total price of the inlet material must be lower than product revenues for an in-
vestment to make profit to pay for equipment and capital costs. The quantities of materials
required for synthesis and their corresponding costs are given below in Table 10

Table 10: Material cost of 10kTON annual formic acid production

During the material cost computation, simulation problems were encountered in carbon
dioxide hydrogenation process due to recycle streams, which are explained in detail in Sec-
tion 6.1. Therefore in material cost estimations, results are calculated by assuming that
the materials have been recycled and only 1% is lost after each recycle stream. Fortunately,
this manual calculation does not have an impact on the outcome.
From Table 10 it is understood that;

• Between the biomass utilization methods, pine wood pellet expenses are much lower
in hydrogen peroxide route because of lower biomass material requirement. The rea-
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son is the relatively higher yields (69%) compared to the oxygen route, which is 30%
[168]. As the yield decreases, by definition, more material has to be actually put into
the system in order to satisfy formic acid production requirements.

• In both pre-treatment configurations, the amount of enzyme added to the system is
calculated considering the enzyme degradation. An aqueous environment is required
for the enzyme to be functional, and the solid molecules found cause its degradation.
Lignin and cellulose are the substances that cause degradation the most [179]. As
a result, the amount of enzyme to be replaced is determined based on the ratio of
these solid molecules to the whole solution. Additionally, all four enzyme hydrolysis
reactors were taken into account when calculating the amount of enzyme introduced.
The cost of enzyme is calculated by assuming this implantation is required to be done
monthly.

• In wet oxidation of glucose with oxygen, [168] et al. states that 0.67% ferric sulfate
addition increases the yield of wet oxidation of pine wood from 14% to 30%. How-
ever, there is no literature available for parameters of degradation of the intermedi-
ate. Therefore, it is assumed that the complete amount ferric sulfate required is put
into the reactor for every wet oxidation reaction and its price is calculated based on
these assumptions.

• In hydrogen peroxide route, an assumption has been made in calculation of amount
of KOH and NaOH that has to be resupplied to the system. Since there is no infor-
mation available on degradation of both intermediates, it is assumed that the half of
the required KOH and NaOH amounts are refilled to the reactor every month. In ad-
dition, the reason why oxygen and water costs are negative is that when hydrogen
peroxide decomposes, more oxygen and water is obtained than supplied.

• Intuitively, it can be understood that the hydrogen peroxide utilization in formic acid
production is not affordable at all. Complete decomposition of H2O2 under the reac-
tion conditions (Section 4.1.3) eliminate the possibility of recycling the valuable reac-
tant material. Therefore, it is assumed that the entire required amount must be put
into the system for each reaction. Supplying more hydrogen peroxide than its stoi-
chiometric requirement to the system prevents the glucose dehydration [166]. Even if
this issue is not taken into consideration, in 100% supply, the annual cost of H2O2 is
162 million dollars.

• In carbon capture, despite being recycled to the system, Selexol is one of the most ex-
pensive intermediates. In this estimation, only 0.1% amount the compound is purged,
there are no leaks or additional losses taken into account due. Additionally, there is
no information on degradation of Selexol. In a real application, there would be losses
and some portion of degradation of the intermediates. If that is considered, it can be
expected that the raw material costs for carbon dioxide capture and hydrogenation
can exceed the main product revenues.
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The above explanations, summarize the evaluation and comparison raw material and inter-
mediate costs. Next, breakeven selling price and profitability is estimated.

5.2.3 Breakeven Selling Price & Profitability

5.2.3.1 Breakeven Selling Price
Breakeven selling price (BSP) is the minimum price of the product that can be sold and
still cover expenses. It is based on varying or fixed quantities of production, which is calcu-
lated by;

BSP =
CCOP

V olume of Production
[US$/unit] (14)

Cash cost of the production (CCOP) is the cost of making product and it is the sum of
fixed (FCOP) and variable (VCOP) production costs [15].

CCOP = V COP + FCOP [US$/yr] (15)

By definition, fixed costs of production [15] are costs that do not change despite changing
plant operation rate or output. These expenses [180] are;

• Operating labor: 10 labors/shift, 3 shift/day, 50000 $/labor/year,

• Supervision: 20% of operating labor,

• Maintenance & Repairs: 6% of fixed capital investment,

• Operating Supplies: 15% of maintenance and repairs,

• Laboratory Charges: 15% of operating labor,

• Patents & Royalties: 1% of total production cost,

• Local Taxes & Insurance: 3% of fixed capital investment,

• Plant Overhead: 60% of sum of operating labor, supervision and maintenance costs,

• General expenses: Administration (20% of sum of operating labor, supervision and
maintenance costs) , Distribution & Selling (5% of total production cost).

On the other hand, variable costs of production corresponds to [15] expenses varying due
to change in production rate, which are;

• Raw material: Due to economy of scale, in large scale production, 5% bulk purchase
discount has been assumed and included.

• Utilities,

• Depreciation cost: Equipment with 20 years life span and 5% salvage value.
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Table 11: Breakeven selling price results

Table 11 shows the breakeven selling prices. From Table 11 it is seen that;

• Price of the hydrogen peroxide it the main issue with its utilization for formic acid
synthesis. As explained in Section 5.2.2, hydrogen peroxide can not be recovered due
to its decomposition. In wet oxidation of glucose via oxygen, the BSP value is lower
than H2O2 route but higher than the market value.

• In the exact same production methods, when the effect of production capacity is
looked at, it is realized that the breakeven selling price is lower in large capacity of
production. Fixed fees play a key role in this case. Because fixed production costs
remain constant even if the operation scale changes. Therefore, as the volume of pro-
duction is increased fixed costs per unit drops.

• Formic acid obtained via carbon dioxide hydrogenation in small scale is well above
the market price (931 $/ton [173]). In large scale scenario, it is 1.08 times higher
than the current sale price. The reason is the cost of the equipment, mentioned in
Section 5.2.1, high reactor costs increase the capital costs, hence, the fixed fees de-
pendent on capital costs account for a large proportion when determining the breakeven
selling price.

5.2.3.2 Profitability: Gross & Net Profit
Another aspect of expressing the economic viability of the production is the calculation
of possible profit. Capital costs and raw material fees will be the decisive parameters in
examining the profitability of this processes.

The money gained from the process after the tax cuts which will be a return on the initial
investments, is referred as net profit. It is calculated by;

NetProfit = GrossProfit− Taxes (16)

Local taxes and insurance account for 3% of the fixed capital investment [180]. Gross profit
(GP) is estimated by subtracting cash cost of production from the money earned by the
sales of the product. Table 12 shows both gross and net profit.
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GP =Main Product Revenue− CCOP (17)

Table 12: Profit results

From Table 12 it is understood that, none of the operations are profitable. Unlike the car-
bon dioxide method, hemicellulose, lignin and xylose are obtained as by-products in the
biomass pretreatment process which can be sold. The most important of these is lignin,
and it is priced between $ 70 and $ 150 for use in energy production [181], assuming an av-
erage 110$ sale price per ton in this case . The rest is assumed to be sold from 50 $/ton.
As a result, next to the formic acid revenues, by-product sales can be very financially bene-
ficial. Their contribution to the plant economics are shown in Table 13.

Table 13: Biomass method profit values including the income of by-products

From the results at Table 13, the additional sales of by-products make no difference for hy-
drogen peroxide method. In 100 kton oxygen method, 26.1M US$ profit is obtained. This
result shows that a system consisting of the designed biomass pre-treatment and the wet
oxidation of glucose with oxygen can be economically feasible.
From the energy and economic analysis, it can be seen that;

• O2 route seems to be applicable only in large scale. In small scale, the fixed cost pro-
ductions account for the majority of the money earned from the sales of the formic
acid.

• H2O2 route is economically not practical for formic acid production. Despite higher
formic acid yield results for wet oxidation process, the requirement for new batch of
hydrogen peroxide for every hour of production makes the process economically im-
possible even for the large scale production.
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• In terms of reducing intermediate substance cost for H2O2 method, a process with-
out KOH can be built. However, NaOH has to be present in the mixture to prevent
formic acid decomposition. This configuration effects the wet oxidation yield. With
KOH present, 69% formic acid yield is obtained for 120% hydrogen peroxide supply.
If KOH is not used, 64% yield is reached with NaOH only [166]. However, the cost of
the hydrogen peroxide is still an issue.

• Unlike the oxygenated biomass method, the carbon dioxide method is not a profitable
method due to equipment costs. Changes should be made in the operation in order
to obtain feasible results. Therefore adjustments have been made particularly for hy-
drogenation process, which is the bottleneck of the plant. These adjustments are ex-
plained in detail as two case studies in the next two sections.

5.3 Case Study I & II: Carbon Dioxide Hydrogenation Improvement

5.3.0.1 Case Study I: Reactor Quantity Configuration
In Section 5.2.3 it was shown that the formic acid production from carbon dioxide hydro-
genation is not profitable. The reference article [173] states that the carbon dioxide to
formic acid conversion process with Au/TiO2 heterogeneous catalyst requires a residence
time of 72 hours. In the initial design, a system with 72 reactors was modeled by consider-
ing the system with 74 catalytic reactors mentioned in the reference article [173]. However,
the total capital cost of the first catalytic reactor (REACTOR1) of the process resulted to
be the main reason for over priced product. Therefore the amount of reactors can not be
taken granted. In this case study, the appropriate number of reactors determined by vary-
ing the quantity of hydrogenation reactors and the corresponding mass flow rate. When the
number of reactors is reduced, the amount of product to be obtained from each reactor in-
creases, after 72 hours of residence time. This corresponds to an increase in the inlet mass
flow rates. The economical result of varying reactor quantities, breakeven selling prices are
shown in Table 14 and profit values are shown in Table 15.

Table 14: Case Study I: Breakeven selling price results
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Table 15: Case Study I: Gross and net profit results

From tables above, it is realized, the formic acid synthesis process is still not profitable for
the current residence time and hydrogenation reactor amount configurations. Hence, the
catalyst change is mandatory. In order to see the best effect of the change, 24 reactor con-
figuration is the most appropriate. When less reactors are used, the material put increases.
Thus, the size of the equipments and utility costs rise. On the other hand, when more than
24 reactors are used, the capital cost of the reactors increases the minimum selling price
and significantly increases the economic loss. The effect of another catalyst is calculated in
the second case study.

5.3.0.2 Case Study II: Heterogeneous Catalyst Change
In the reference article [173], titanium supported gold catalyst (AuTiO2) is used in the hy-
drogenation reaction. Also stated in the referenced article, it is still not possible to make
a profit in the carbon dioxide method, although the hydrogenation reactor quantity is al-
tered. Therefore, another catalytic intermediate is used from another article in the litera-
ture. In this case, the economic effect of different catalyst utilization is investigated. The
same operating conditions are accepted as in the previous case study. An aluminium ox-
ide based gold catalyst (Au/Al2O3) is chosen. Sun et al. [176] stated that the aluminium
catalyst showed twice the activity of the titanium equivalent (TONs of 215 and 111 s−1,
respectively) when used in exact reaction conditions for equal experiment duration. There-
fore, the hydrogenation reaction was considered to be twice as fast. Hence, half the 24 re-
actor system chosen in the previous case study is sufficient.
The breakeven selling price of the different catalyst configuration is shown in Table 16.

Table 16: Case Study II: Breakeven selling price results

The profit made in the second case study is shown in Table 17.
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Table 17: Case Study II: Gross and net profit results

According to Table 16 and 17, with the transition to a more active catalyst material, the
number of reactors have been reduced to 12. Compared to the very first configuration, this
great reduction in equipment cost has made the carbon dioxide utilization process prof-
itable by reducing the product unit price below the current market price.

After making a profit, the energy analysis of the improved configuration has been made.
Energy usage per ton of formic acid produced and overall energy efficiency results are shown
in Table 18 and 19

Table 18: Energy consumption of case study II
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Table 19: Energy balance of case study II

By Table 19, there is an slight increase in the process overall efficiency for both capacity
scenarios. The reason is shown in Table 18, which is the slightly lower electricity and heat-
ing utility consumption per ton of formic acid produced by the aluminium based catalyst
utilization. Another important issue that needs to be mentioned is that, as a result of two
case studies, the required hydrogenation reactor number is reduced from 72 to 12 and a di-
rect proportional decrease in cooling load consumption is observed.

The energy and economical analysis results of formic acid production have been investi-
gated. Several assumptions have been made in the modelling and analysis of wet oxidation
of lignocellulosic biomass and catalytic reduction of carbon dioxide. The factors that have
been encountered in the thesis study and that may be encountered in future studies and
practical applications are explained in discussion.
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6 Discussion

Innovative processes for formic acid production via biomass feedstock and carbon dioxide
have been studied. In the final chapter of the thesis report, problems and difficulties en-
countered, recommendations for future work and summary of results will be explained.

6.1 Problems and Difficulties Encountered

Several issues were encountered during the study. It is thought that it will be informative
to indicate these problems, in order to overcome when the studies on the methods and ma-
terials used increase.

• According to the studies of Grous et al. [161] the operating condition and duration of
the steam explosion affects the glucose yield in enzymatic hydrolysis of lignocellulosic
biomass [161]. The yield value also varies with the duration of the enzymatic hydroly-
sis process itself. The data is provided by an article [161] and an equation can be ob-
tained by data correlation, to describe the relationship between these parameters and
the yield. Therefore, in ASPEN Plus, a calculator block was used to enter the data
via a FORTRAN subroutine. However, despite not giving any code errors, the pro-
gram did not work. The problem was realised after looked at the internet. It is that,
ASPEN Plus requires an additional and user defined FORTRAN compiler program.
The versions of the program that published after 2015 have to be installed and de-
fined to the simulation program manually by writing command codes to the operat-
ing system of the computer, which requires the attention of an experienced computer
technician. Therefore, the subroutine code could not be run because the FORTRAN
compiler can not be defined and can not be run. Achieving the execution of the code
will be important in modelling the correlation to be estimated from existing and fu-
ture data.

• In carbon dioxide hydrogenation, properties of BIZ, BIZ-FA and Amine-FA adducts
are calculated via Joback group contribution method. The reason is that, the Joback
method has the highest affinity of group increments to the butylimidazole and amine
adduct structures. However there are other methods present, giving more accurate
results in particular properties. For example, Gani method gives critical pressure
value with 2.89% average relative error where Joback method has 5.2 % [182]. How-
ever, the group increments have to be defined in simulation program and only Joback
method’s fit the compounds used. Calculating the material properties with the least
error-prone method will logically provide more realistic results for the compounds
and for the process.

• In carbon dioxide method, since BIZ-FA or other manually defined substances do not
have T-x or x-y data with any compound used in the process, the decomposition pro-
cesses of formic acid adducts in distillation columns given in the reference article,
could not be performed. Instead, RSTOIC, one of the reactors available in the pro-
gram, was used and the reaction equation and conditions were defined. Fractional
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distillation is only used to separate formic acid from BIZ. Because the distillation
process can be set according to the known properties of formic acid. It is certain that
the difference in equipment used differed in expenses and energy.

• Recycling is an inevitable concept in the production methods specified in the thesis
report and takes part a major role in the decrease in raw material costs, which is one
of the most important items in economic calculations. While recycling is included
in economic calculations, a number of problems were encountered in model simula-
tion. Recycle streams were created in ASPEN Plus, in carbon dioxide hydrogenation
flowsheet simulation. However, despite the change in the convergence method of the
program and a higher tolerance in the mass balance, realistic results could not be ob-
tained. The recycled material accumulated across the whole flowsheet. This varying
amount of substances cause thermodynamic equilibrium in flash tanks to give erro-
neous results. Therefore, the valuable material separation fails. In the end, fractional
distillation columns in both formic acid synthesis methods become insufficient to ex-
tract formic acid. Moreover, sensitivity analysis can not be converged, for example
during the sensitivity analysis of flash tanks, the appropriate operating conditions can
not be estimated due to changes in mass fractions of components. In order to observe
more realistic effect of recycling material, other simulation programs such as DWSIM
or ASPEN HYSYS should be used.

6.2 Recommendations for Future Work

Several practical and technical aspects of the project requiring further attention are ex-
plained below. Further reflection on the following points will shed light on future evalua-
tions of the processes.

• The pre-treatment and carbon capture processes are carried out at full capacity, re-
gardless of material recycling, due to the problems encountered in simulating the re-
cycle streams in formic acid production. By recycling unreacted glucose or carbon
dioxide into the reactor, the raw material to be fed into the system can be saved.
However, in the raw material production facility, production can be made at full ca-
pacity for precautionary purposes. By producing raw materials in quantities specified
in stoichiometric calculations, they can be stored for use in case of any interruption
in production or when formic acid production needs to be resumed after a planned
maintenance. It is possible, albeit unlikely, to be sold at an industrial quality price.
It can even be burned to power the system, like lignin obtained from biomass pre-
treatment. It can be configured in order to the get the best of the produced com-
pounds.

• According to the literature [162], commercial enzymes have a maximum activity at 60
◦C, but when the components of the same enzyme have been obtained separately and
prepared as a mixture, 25% higher enzyme activity was observed at 65 ◦C. There-
fore, if the enzyme is produced and prepared on site, higher enzyme activity can be
reached than the industrial products. By this higher activity, the required enzyme
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quantity, residence time and as a result, required number of reactors will decrease.
However, the enzyme production methods should be investigated and simulated. Their
economical and energy analysis should be

• In carbon capture, Selexol costs depend on assumption of no losses and no degrada-
tion (Section 5.2.2). In reality, they are expected to be present. Hence, the cost of
the Selexol, therefore raw material costs of formic acid production with carbon diox-
ide can be more than the earning of the product sales. On site production of Selexol
must be developed for the future use of the compound. Because if its production
costs decrease, the price of the Selexol will decline. Hence, making the physical sol-
vent more preferable over conventional amine compounds.

• In carbon dioxide capture, water gas shift process can be installed to the plant. Hy-
drogen can be synthesized by converting carbon monoxide inside the gas source with
steam. From high temperature or low temperature shift methods, it should be ana-
lyzed which will work most compatible with the carbon dioxide capture process. Re-
covery of hydrogen on site may have decrease the raw material costs of carbon diox-
ide hydrogenation process. As shown in Section 5.2.2, hydrogen has one of the high-
est unit price in formic acid synthesis. Besides the economic evaluation, utility con-
sumption and energy efficiency of the possible configuration should be investigated.

• In order to find solutions to make profit from the CO2 method, two case studies have
been done. In the second case study however, to improve the number of reactors, in
order to reduce the equipment cost, the improvement is based on the catalytic ac-
tivity difference between the two catalyst materials, where Au/Al2O3 is measured to
be twice as Au/TiO2 [176]. The reason is that there are not enough sources about
the production of formic acid as a result of carbon hydrogenation with heterogeneous
catalysts. It is considered certain that these intermediates will be preferred as more
studies have been accomplished and the current activity values are exceeded.

• In the literature, there is a lack of experimental information on reaction kinetics and
conversion rates for enzyme hydrolysis, wet oxidation and carbon dioxide hydrogena-
tion with a heterogeneous catalyst. When proper data is obtained, more precise pro-
cesses can be simulated by observing the effect of reaction parameters.

After explaining the obstacles encountered and the points should be paid attention, the
report must be concluded.
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7 Conclusion

First, comparison of the results obtained in this thesis with literature is shown below.

Table 20: Comparison of the results obtained in CO2 method with literature

Table 20 shows the comparison of CO2 hydrogenation method used in our design and work
[173]. In the table, there is both our initial and improved design results. The most impor-
tant improvement in our work is the number of reactors used. Work [173] reports 74 re-
actors used in their CO2 hydrogenation method. Although we started with 72, change of
reactor number and change of catalyst and later economical analysis helped to improve
our method by reducing the number of reactors down to 12. Another superiority of our
method reveals itself in the breakeven selling price (BSP), due to the reduction in the num-
ber of reactors. The BSP has been reduced to 906.5 US $/ton in our improved method,
compared to the 1037 $/ton of work [173]. Our BSP is below the current market price of
one ton of formic acid. A critical feature is the Total Capital Investment (TCI) of the sys-
tem. Our TCI is is initally higher, then it is better than work [173] with 79.8 MUS$ com-
pared to 246.1 MUS$. However, overall energy efficiency in our method is almost half of
the method in work [173]. Although we used the same energy efficiency equation given in
work [173], for unbiased comparison purposes, the HHV values of inlet and outlet materi-
als are not defined or declared in work [173]. Lack of detailed HHV values did not help us
to find out the reason of our inferior performance in some features. Our method’s heating,
cooling and electricity consumption [MW.h/tFA] appear to be higher, even though 12 re-
actors are used, compared to 74 of work [173]. The utility consumption per ton of formic
acid given by the authors does not seem realistic for 74 reactors and the remaining heavy
equipment use.
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Table 21: Comparison of the results obtained in biomass method with literature

Table 21 shows the comparison of wet oxidation method used in our design and work [168].
Since the process modelling of glucose wet oxidation is not available in literature, process
conditions in laboratory experiments from literature have been used.
A brief summary of the energy and economical analysis of the designed formic acid produc-
tion is explained below.

• In energy analysis in Section 5.1, biomass utilization showed higher efficiency in both
pre-treatment and formic acid synthesis processes. Although more heating and cool-
ing was used in the pre-treatment compared to carbon capture, higher efficiency is
obtained due to the higher energy output. In terms of formic acid production, wet
oxidation has outpaced the carbon hydrogenation process. More heating and cooling
loads were used in both oxidation processes because of the operating temperatures
above 200 ◦C, followed by glucose separation at 200 ◦C. The difference in electricity
usages is low, therefore its comparison is neglected. However, the difference in the
total energy of the incoming substances, considering the higher HHV values of BIZ,
Net3 and hydrogen, is greater in CO2 method. Thus, lower efficiency is calculated.

• When the wet oxidation routes are compared, it is observed that more efficiency is
obtained via oxygen. Despite more glucose is used in oxygen method, heating and
cooling duties are higher in hydrogen peroxide method. The reason is that the total
reactants entering the wet oxidation reactor are more and due to hydrogen perox-
ide decomposition into water and oxygen, more material has to be separated in flash
tanks and in distillation columns.

• Lignocellulosic biomass can be theoretically utilized to synthesize formic acid but
only for wet oxidation via oxygen in large scale, when the formic acid produced is
sold together with the by-products from the biomass pre-treatment process. On the
other hand, the applicability of the biomass pre-treatment process may not be prac-
tically possible. The industrial grade price of the enzyme, which is accepted as 10
dollars per liter, is not known exactly. In addition, the amount of degradation of the
enzyme, which there is no certain information available, is taken as the ratio of solid
particles entering the enzyme hydrolysis to the entire mixture entering the reactor,
considering that it occurs due to contact with solid particles, may not give a definite
result. Therefore, the exact amount that has to be replaced and exact cost of replace-
ment can not be estimated precisely. In other words, if the enzyme price exceeds the
revenue from the sale of the product, no profit can be expected from the transaction.
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• In carbon dioxide route, despite the harsh conditions of 180 bar and 40 C [173], the
titanium based heterogeneous catalyst showed lower activity, compared to the alu-
minium equivalent [176]. The reaction could be completed only in 72 hours. The
slow reaction is a major drawback for meeting the production rates. In first designed
model, 72 catalytic reactors used to satisfy the production targets. Unfortunately, the
selected solution is calculated to be not applicable for the process, in terms of eco-
nomics. Because the increase in equipment costs results in very high capital costs,
increasing the fixed costs of production. As a result, the calculated minimum sell-
ing price is 7% more than the current market price. In order to improve the process,
two case studies were created. In the first case, a solution is sought by varying the
amount of hydrogenation reactor. In addition, the amount of raw material to be put
into each reactor, which directly affects equipment sizing and utility costs are exam-
ined. No profit was obtained from the case study. It was concluded that the use of
platinum catalyst was not economically beneficial for the process. In the second case
study, the Au/Al2O3 catalyst has been utilized as it has twice the activity value of
the platinum supported catalyst with TONs of 215 and 111 s−1, respectively. As a
result, the process took half the time of the previous case and as outcome of improve-
ment, the minimum selling price is obtained to be 2.6% below the current market
value. Moreover, a small increase in energy efficiency is observed in both capacity
scenarios in the second case study, which is due to slightly lower utility consumption
per ton of formic acid produced.

To conclude, uncertainties are present in both production methods. More research and ex-
periment should be done regarding reaction kinetics and intermediate substance perfor-
mances in both biomass and carbon dioxide to formic acid conversion processes, in order
to simulate the reactions, therefore the process, more in detail. However, despite the un-
certainties, in this era where the transition to greener energy production through the use
of biomass and the reduction of carbon dioxide emissions have been made a definite target
by the governments, the synthesis methods studied, will gain importance as the purposes of
formic acid use and therefore the consumption levels rise.
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8 Appendix A: Biomass Classification

8.1 Identification of Biomass as Raw Material

Producing energy from natural or discarded sources is more advantageous compared to fos-
sil fuel and coal-based conventional processes. Its most significant advantage is sustain-
ability. Secondly, since all people consume food or non-edible natural sources, these mate-
rials are abundant and available almost in every country. However, it must be noted that
in this study, edible sources or food based wastes are not taken into consideration because
those resources can be recycled back to the food chain. Therefore feedstock supply must
not harm the natural ongoing nutrient cycle. Biomass feedstock mainly consists of carbo-
hydrates ( polysaccharides, sugar and starch), lipids and proteins. Classification of these
resources are still being questioned by the scientist and authorities. However, Sanchez et al.
makes this classification by four groups [183].
These groups are;

• Physical Condition; Biomass resources can be sorted according to their natural water
content. They are basically defined as "wet" or "dry" biomass. Algae with 90% and
wood with 8-25% water fraction are examples of these types, respectively.

• Origin; Biomass resources can be separated by their geographical locations or by in-
dustry of production. They are sorted as;

– Aquatic biomass = Recognizing the importance of that three-quarters of the
world being water, researchers have become interested in resources that can be
obtained from the sea such as micro- or macro- algae.

– Agricultural biomass = Provides sources such as energy crops, by-product of
crops or farming wastes [183].

– Forest biomass = As it is named, they are wood-based waste collected from
legally defined forests.

– Waste streams = They are mainly solid-organic wastes [184].
They are also called as the "Biodegradable Fraction" of discarded textiles, met-
als and plastics in municipal solid waste [108]. As well as recovery of other sources
such as paper, glass and copper, recycling itself is a great source of income for
cities.

• Chemical Composition; The weight or molar fractions of the chemical content vary
for each source, therefore biomass can also be divided into groups according to their
majority content as;

– Lignocellulosic biomass = From general perspective, it is the biomass feedstock
that can be obtained from the whole biological plant kingdom. Theoretically,
all plants can be used but practically not preferred. For example, herbal sources
are not preferred because of their alternative benefits. Also herbal lifespan is not
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long enough to preserve their content for long transportation and storage peri-
ods. Herbs are mainly composed of organic polymers such as cellulose, hemicel-
lulose and lignin.
Lignocellulosic biomass is a crucial concept and it will be explained in detail in
the following chapter.

– Sugar-rich biomass = They are simply plants high in sugar content. In their
chemical structure, glucose and fructose formations are dominant. Sugar cane
and sugar beet are the most common feedstock.

– Starch-rich biomass = They are found in plants such as barley, wheat and rye,
which are known as the raw materials of foods that we consume as carbohy-
drates in our daily lives.

– Oil-rich biomass = The most known aquatic biomass, algae, contains high pro-
portions of lipid, which makes them oily and waxy [183].

– Protein-rich biomass = Both animals and plant biomass such as beans contain
a high amount of protein. Since they are consumed as food and protein-based
resources are expensive, therefore they are not preferred for biorefinery, .

• Purpose of Use [183]; Unfortunately, a single biomass resource cannot be used in all
applications. Their biological structure, hence chemical orientation is different. Raw
materials can be sorted based on their use as;

– Heat & Power = Wood-based biomass types have high heating values, therefore
they can provide sufficient heat energy or they can supply the required heat for
power cycles.

– Transportation = Liquid or gaseous biomass resources such as bioethanol and
biomethanol can be used to supply the necessary energy for combustion.

– Biorefinery = Lignocellulosic biomass, starch- and oil-rich biomass can be used
for producing energy or producing value-added chemicals. Especially lignocel-
lulosic biomass provides versatile production possibilities, because of their wide
availability and variety of content .
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9 Appendix B: Carbon Dioxide Capture Classification

9.1 CO2 Capture from Ambient Air

People breathe and exhale by nature. As oxygen enters a person’s respiratory system, car-
bon dioxide is released. On the other hand, plants contain chloroplasts to produce oxygen
during the day and carbon dioxide at night. Thus, plants are a source of oxygen, but the
amount of natural carbon dioxide emission to the air cannot be ignored. Moreover, the in-
creasing vehicle manufacture poses a serious problem for the environment Therefore cap-
turing CO2 directly from air has become a vital concept.

Direct Air Capture (DAC) is the recovery of carbon dioxide in the atmosphere from the en-
vironment. Ambient air is collected physically and treated via a sorbent. Dissolved mixture
is then regenerated to obtain CO2. Alkaline solutions, solid sorbents, amine-grafted oxides
and amine-grafted metal organic frameworks (MOF) have been utilized for DAC [185].

Sodium hydroxide (NaOH) and potassium hydroxide (KOH) based direct capture, com-
bined with chemical caustic recovery is commonly applied in the literature [186]. Alkaline
solutions are quite cheap and offer great CO2 selectivity. However, they suffer from high
regeneration energy requirements.

Amine grafted oxides consisting of silica [187], alumina [188] and carbon [189] supported
polyethylamine compositions [190] have been tried for CO2 capture from air. These mate-
rials showed high capacity and selectivity. No degradation was noticed, even after multiple
cycles. On the other hand, they require a few hours to begin operating, due to their slow
adsorption kinetics [57].

Ethylenediamine has been analyzed for amine-grafted MOF based carbon capture which
exhibited fast capture kinetics and high carbon dioxide capacity. On the other hand, this
Mg-MOF-74 iso-structure with N,N-dimethylethylenediamine showed uncertainties, in sta-
bility and moisture sensitivity [191]. Moreover, this process proved to be an expensive pro-
duction.

However, the amount of carbon dioxide in the air is only 0.04 wt% [192], which forces these
methods to require high amount of energy to obtain a small ratio of CO2. Going for higher
capture capacities to satisfy large scale production demands, this process becomes the most
expensive which is economically unfeasible. Long term DAC systems cost a lot; 115e /tCO2

+/− 40e /tCO2 [193], which is more than twice the stationary resources.
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10 Appendix C: Formic Acid Production Method Selection

10.1 Method Selection

As explained in Section 2.2.3, there are six formic acid production routes. However it is
not possible to optimize operating costs and conditions completely because the determina-
tion of the best case scenario in each way takes quite some time. Therefore, it is decided to
choose 2 out of 5 because photocatalysis method was eliminated from the beginning. The
reason was the lack of experimental results and lack of improvement on intermediate sub-
stances for increasing selectivity and product purity [194] compared to other options.
Then an elimination must be done by setting parameters. Which are;

1. Reactant Availability = A variety of polysaccharide types for the selected method.

2. Industrial Applicability = Whether there are any examples of practical information in
the industry.

3. Catalyst Variety = The multiplicity of materials to accelerate the reaction is impor-
tant for the applicability of the method.

4. Catalyst Cost = The economic liabilities of the catalyst must be taken into account
for large scale productions.

5. Temperature & Pressure Range = Wide range of options is preferred to avoid strict
control of the process and enabling room for improvements.

6. Formic Acid Yield = The formic acid purity obtained from the reaction itself can
have important impacts on ease of separation.

7. Reaction Time = Required time for production has to be known to determine the
production rate.

The criteria matrix is formed with the parameters above. Each method is then graded ac-
cordingly. Positive properties for the criteria are given plus, negative properties took mi-
nus. Properties with both pros and cons took both signs. The method with the best pa-
rameter condition took an extra plus. The criteria matrix is given in Table 22.
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Table 22: Evaluation of formic acid production methods

The explanation for the criteria matrix is given below;

• Acid hydrolysis;

– Cellulose and glucose have been reported as reactants frequently in the litera-
ture. Agricultural residues [8], paper sludge [184], and organic municipal waste
[108] have been reported to be used as raw material.

– The biomass route is applied in industrial scales for large scale production of
levulinic acid [109] [108]

– Some of the catalysts used; H2SO4, HCl, zirconium oxide (ZrO2) [98], phospho-
ric acid [64], oxalic acid, citric acid and maleic acid.

– Most of the catalysts are in acceptable price range, except ZrO2 which costs 180
$ per kilogram which is expensive [195].

– Process has temperature range between 150 ◦C and 240 ◦C [109] [8]. Process
have reported to be working with various pressures such as 8.6 [109] and 25 bar
[95].

– In acid hydrolysis, formic acid is the by-product and levulinic acid is the main
product

– Highest FA purity of 95 wt.% by hydrolysis of sugarcane bagasse, catalyzed by
H2SO4 reported in single experiment process [109].

– Reaction times of 20 minutes have been reported [95].

• Wet Oxidation;

– Organic lignocellulosic biomass content had been used separately for production.
Usage of wood biomass, bio oil, plastic waste (monomers) even fish waste had
been reported [8] [9].

107



– Wet oxidation has been developed recently. Therefore, it is not applied industri-
ally frequently. However, some studies were found [166].

– Acids (H2SO4) and alkalis (Iron(II)Sulfate-FeSO4) are considered as catalysts
[8] [166]. Hydrogen peroxide reported to be an efficient oxidant.

– FeSO4 is quite affordable, it is priced 51 $ per ton and H2O2 costs around 217 $
per metric ton [196].

– Wet oxidation experiments reported to have wide temperature and pressure
range. Temperature variations from 170 ◦C to 600 ◦C and pressures from 5 bars
to 50 bars [9] [8].

– Formic acid is the main product; acetic acid, lactic acid and succinic acid are
reported by-products [8] [9].

– In experiments, glucose treated with H2O2 resulted on purities up to 85 wt% [8].
When common bases NaOH and KOH are used in presence of hydrogen peroxide
at room temperature, 91.3% yield and 90% selectivity was obtained [10].

– Residence times such as thirty seconds or two minutes have been reported [166].

• Catalytic Oxidation

– Glucose and all organic components of lignocellulosic biomass have been utilized.
Beech wood, waste paper are some of the examples [8] [9].

– Oxidation of biomass to formic acid (OxFA) is frequently studied for large scale
biorefinery in literature [159] [130].

– H2SO4 and HPA based [197] catalysts are common ones. NaV O3 [128], polyox-
ometalate , iron are also tried in experiments.

– Price of H2SO4 is acceptable. Keggin type polyoxometalate is preferred because
of its low cost [198]. However, NaV O3 costs 378 $ per kilogram [199] which is
too expensive.

– Catalytic oxidation method reported to be accomplished at various tempera-
tures; from 80 ◦C to 250 ◦C and with pressure levels varying from 20 to 60 bars
[8] [159].

– It is observed that purity and residence time are affiliated with each other for
this method. Catalytic oxidation is reported to give better selectivity and yield
for reactions which last longer. For example, glucose utilized under catalytic
oxidation while sodium metavanadate (NaV O3) acts as the catalyst at 160 ◦C
under 30 bars of oxygen gas used as oxidant, FA yield of 68.2 % [128] was ob-
tained. The process took 1 hour. On the other hand, when glucose treated with
a Keggin type H8PV5Mo7O40 (polyoxometalate HPA-5) catalyst, in a biphasic
system for 48 hours at 90 ◦C under 20 bar O2. High FA yield of 85% was re-
ported [126], which is quite an extreme process duration, to be applied in the in-
dustry. In contrary, quick processes also has been found. In which, wheat straw
treated with NaV O3 for 5 minutes under 160 ◦C and 20 bar O2 and the process
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resulted with low yield of 47 % [200]. It seems this purity-residence time trade-
off is against the process engineer for this production option.

• Catalytic Reduction of Carbon Dioxide

– CO2 is the only reactant for this process.

– Production of formic acid via carbon dioxide captured from plants is studied
both economically and technically [11] [201].

– Ruthenium based catalysts, AuTiO2, Ni, Fe, Cu are commonly used catalysts
[194].

– All catalysts except ruthenium based one are affordable. Ruthenium is an ex-
pensive material ( 8.7 $ per gram). Its alternatives are searched by scientists.

– Carbon dioxide can be chemically reduced to formic acid at 50-130 ◦C tempera-
ture and 20-60 bars pressure range.

– In case homogeneous catalyst is used, formic acid amine adduct is obtained.
Then, adduct must be removed, so does the catalyst. These separation pro-
cedures would require complex methods such as reactive distillation, vacuum
distillation and stripping [11]. Heterogeneous catalysts are easier to separate.
Therefore, heterogeneous intermediates should be utilized for simpler and cheaper
operation.

– CO2 treated with Hexanehexol as reductant and NaHCO3 as additive, giving
formic acid yield of 80 % purity after an hour process [202].

– Experiments lasting 1 to 8 hours have been run [8].

• Electrochemical Reduction of Carbon Dioxide

– CO2 is reported to be the only reactant for this process.

– There are no reports found regarding to large scale formic acid production via
electrochemical cells. Laboratory scales are used in experiments [90].

– Iridium oxide (IrO2), phosphine and carbon supported platinum catalysts (Pt-c)
are some of the intermediates to speed up the process [203].

– Currently, most of the catalyst materials are expensive. IrO2 costs about 471
$/kg , Pt-c catalyst is around 18.8e /g. Few exceptions, Pb and Cd which are
around 2.5 $/kg [90], is affordable.

– Electrochemical reactions were accomplished at room temperatures and with
varying pressures from atmospheric pressure to 50 bars [136].

– Electrochemical reduction of carbon dioxide gives low yields, such as 8-20 wt.%
[203].

A decision is made by comparing and evaluating methods. One from biomass and one from
carbon dioxide has been selected. Among biomass routes, wet oxidation is preferred due
to negative aspects of other methods. Acid hydrolysis was eliminated mainly because of
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formic acid is the secondary product. Large quantities of levulinic acid is produced but the
formic acid levels are low.
Catalytic oxidation is eliminated due to high operating pressures and long residence times.
Achieving higher conversion in the wet oxidation process compared to catalytic oxidation
for the same amount of reaction time and the cost of catalysts used, are the most impor-
tant reasons for choosing wet oxidation over catalytic oxidation. However, combining the
two methods and taking advantage of the strengths of the two methods can have significant
results.
For the CO2 method, catalytic conversion is selected over electrochemical reduction be-
cause of its possible large scale applications and lower catalyst costs per production.

10.2 Simplified Flowsheet

To demonstrate formic acid synthesis, method(s) have to be determined. From renewable
formic acid production methods (Section 2.2.3), wet oxidation of lignocellulosic biomass
and catalytic carbon dioxide reduction methods were selected. Comparison of methods and
reasons for preference are available in Appendix C.

Production methods to be developed by evaluating the information obtained from the lit-
erature were determined. The simplified flowsheets drawn and shown below are the general
description of how formic acid production will be produced.
The simplified flowsheet for the wet oxidation is given in Figure 27. Pre-treatment is in-
cluded to reveal the complete system.

Figure 27: Simplified flowsheet for formic acid production via lignocellulosic biomass

110



The simplified flowsheet for the catalytic hydrogenation of carbon dioxide route with car-
bon capture and storage (CCS) is given in Figure 28.

Figure 28: Simplified flowsheet for formic acid production via carbon dioxide
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11 Appendix D: Stream Results

The stream results of biomass pre-treatment, carbon capture and formic acid production
processes are given below. The results taken from a 10 kton annual production capacity
scenario.

Table 23: Hydrogen peroxide method biomass pre-treatment simulation, stream results

Table 24: Oxygen method biomass pre-treatment simulation, stream results
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Table 25: Hydrogen peroxide method wet oxidation simulation, stream results

Table 26: Oxygen method wet oxidation simulation, stream results
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Table 27: Carbon dioxide capture simulation, stream results
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Table 28: Carbon dioxide hydrogenation simulation, stream results
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13 Appendix F: Equipment Lists

The purchased equipment cost calculation constants based on type and sizing [15] are shown
in Table 33 and 34.

Table 33: Equipment selection with sizing limits and units [15]
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Table 34: Continued: Equipment selection with sizing limits and units [15]

The lists of the used equipments are given below. In addition, purchased and installed cost
of each equipment is shown. The results taken from a 10 kton annual production capacity
scenario.

Table 35: Biomass, hydrogen peroxide method, pre-treatment simulation, equipments list

120



Table 36: Biomass, hydrogen peroxide method, wet oxidation simulation, equipments list

Table 37: Biomass, oxygen method, pre-treatment simulation, equipments list
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Table 38: Biomass, oxygen method, wet oxidation simulation, equipments list

Table 39: CO2, carbon capture simulation, equipments list
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Table 40: CO2, hydrogenation simulation, equipments list
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14 Appendix G: Total Cost Lists

The complete result of the cost calculations for hydrogen peroxide, oxygen and carbon
dioxide processes, both 10 kton and 100 kton operating scenarios.

Table 41: Biomass route, hydrogen peroxide method, economic calculation results for 10
kton operating scenario
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Table 42: Biomass route, hydrogen peroxide method, economic calculation results for 100
kton operating scenario
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Table 43: Biomass route, oxygen method, economic calculation results for 10 kton operat-
ing scenario
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Table 44: Biomass route, oxygen method, economic calculation results for 100 kton operat-
ing scenario
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Table 45: Carbon dioxide route, economic calculation results for 10 kton operating scenario
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Table 46: Carbon dioxide route, economic calculation results for 100 kton operating sce-
nario
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