<]
TUDelft

Delft University of Technology

Design and optimization for industrial reactor and crude separation process via coupling
mechanistic kinetics with heat/momentum transfers

Acetic acid hydrogenation to ethanol
Zhou, Can; You, Chen Xi; Liu, Yang; Shi, Hui; Cui, Chengtian; Tang, Jihai; Cui, Mifen; Qiao, Xu; Xia, Ming

DOI
10.1016/j.ijhydene.2025.04.209

Publication date
2025

Document Version
Final published version

Published in
International Journal of Hydrogen Energy

Citation (APA)

Zhou, C., You, C. X,, Liu, Y., Shi, H., Cui, C., Tang, J., Cui, M., Qiao, X., & Xia, M. (2025). Design and
optimization for industrial reactor and crude separation process via coupling mechanistic kinetics with
heat/momentum transfers: Acetic acid hydrogenation to ethanol. International Journal of Hydrogen Energy,
130, 462-479. https://doi.org/10.1016/j.ijhydene.2025.04.209

Important note
To cite this publication, please use the final published version (if applicable).
Please check the document version above.

Copyright
Other than for strictly personal use, it is not permitted to download, forward or distribute the text or part of it, without the consent
of the author(s) and/or copyright holder(s), unless the work is under an open content license such as Creative Commons.

Takedown policy
Please contact us and provide details if you believe this document breaches copyrights.
We will remove access to the work immediately and investigate your claim.


https://doi.org/10.1016/j.ijhydene.2025.04.209
https://doi.org/10.1016/j.ijhydene.2025.04.209

Green Open Access added to TU Delft Institutional Repository

'You share, we take care!’ - Taverne project

https://www.openaccess.nl/en/you-share-we-take-care

Otherwise as indicated in the copyright section: the publisher
is the copyright holder of this work and the author uses the
Dutch legislation to make this work public.



International Journal of Hydrogen Energy 130 (2025) 462-479

Contents lists available at ScienceDirect

International Journal of

ENERGY
=

International Journal of Hydrogen Energy &

o %

ELSEVIER

journal homepage: www.elsevier.com/locate/he

Check for

Design and optimization for industrial reactor and crude separation process |
via coupling mechanistic kinetics with heat/momentum transfers: Acetic
acid hydrogenation to ethanol

Can Zhou”, Chen-Xi You", Yang Liu“, Hui Shi ", Chengtian Cui -, Jihai Tang ™, Mifen Cui?,
Xu Qiao ™, Ming Xia ™"

2 State Key Laboratory of Materials-Oriented Chemical Engineering, College of Chemical Engineering, Nanjing Tech University, Nanjing, 211816, PR China
b School of Chemistry and Molecular Engineering, Nanjing Tech University, Nanjing, 211816, PR China

¢ Jiangsu National Synergetic Innovation Center for Advanced Materials (SICAM), Nanjing, 211800, PR China

4 Department of Chemical Engineering, Delft University of Technology, Van der Maasweg 9, 2629 HZ, Delft, the Netherlands

€ Process and Systems Engineering Laboratory, Faculty of Science and Engineering, Abo Akademi University, Henrikinkatu 2, FI-20500, Turku, Finland

ARTICLE INFO ABSTRACT

Keywords: Ethanol is used to produce various value-added chemicals and as automobile fuel. Acetic acid hydrogenation to

Acetic aCld. ethanol is of practical significance to meet the increasing market. However, limited engineering research for

gt};ldmgle“a“““ reactor and crude separation process for the acetic acid hydrogenation to ethanol despite the increasingly mature
ano!

catalyst system. Moreover, the traditional approach of industrial reactor design mainly relies on point data and
inadequately quantifies the strong coupling between reaction rate and transfers within the reactor, which is
prone to local and loose design and optimization. In this work, a coupled design approach that combines kinetics
with transfers is proposed for designing and optimizing the multi-tubular fixed-bed reactor for the acetic acid
hydrogenation to ethanol. To efficiently achieve the products crude separation, staged cooling/flash/absorption/
desorption units featuring with N-methyl-2-pyrrolidone as an absorbent is proposed, numerically designed and
optimized. Further heuristic heat integration is also investigated to conserve extra energy of the preliminary
process, which features that a by-product steam generated from ethanol synthesis reactor is utilized to drive the
reboiler of the desorption. It is demonstrated that the heat-integrated process presents significant economic and
emission advantages compared with the preliminary process, specifically with 36.5 % and 10.9 % reductions in
operating cost and total annual cost respectively, as well as 58.1 % reductions in CO, emissions. The cost of
synthesizing ethanol with 100 ktpy production is as low as 14.25 $/t. This work could provide a feasible and
promising reactor and crude separation process for acetic acid hydrogenation to ethanol, which features eco-
nomic, high-efficient, energy-saving, and low-carbon.

Multi-tubular fixed-bed reactor
N-Methyl-2-pyrrolidone

carbonylation that enables excessive production of inexpensive acetic
acid from coal [5,6]. Thus, converting acetic acid to ethanol is of sig-

1. Introduction

In recent years, ethanol (EtOH), which can be used as automobile
fuel alone or mixed with gasoline, has received widespread attention as
an alternative to petroleum-derived fuels [1]. Besides, ethanol can also
be used to produce various value-added chemicals [2,3]. Unlike the
traditional processes to produce ethanol, such as ethylene hydration and
fermentation [4], acetic acid (AcOH) hydrogenation to ethanol is a short
process with relatively mild conditions, and high conversion and
selectivity. The energy structure of China is rich in coal, poor in oil, and
low in gas in China, which promotes the maturity of methanol
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nificant strategic and practical significance perspective.

The catalyst system for acetic acid hydrogenation to ethanol has
become greatly mature. Noble metal catalysts such as Pt [7,8], Pd [9],
Ru [10,11], and Rh [12], and non-noble metal catalysts such as Ni [13]
and Cu [14,15], have been studied for acetic acid hydrogenation to
ethanol process in the past decades. However, relevant processes and
engineering research that match the catalyst system are not found. This
may hinder the application and development of technology for acetic
acid hydrogenation to ethanol.
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Kinetics and thermodynamics are necessary for process studies.
Although some scholars have studied reaction kinetics to provide the
basis for designing reactors [16-19], the kinetics cannot be directly
applied to reactors in simulation and study. The kinetics must be fitted
and converted for simulation using software such as Aspen Plus. In
addition, published vapor-liquid equilibrium data provide a thermody-
namic basis for separation [20,21]. Therefore, we investigate the reactor
and separation of acetic acid hydrogenation to ethanol based on existing
kinetics and thermodynamics.

In the design of industrial reactors such as fixed-bed for hydroge-
nation reactions, the traditional approach of obtaining the preferred
space-time yield (STY) and operating parameters of reactors depends on
point data from single-tube experiments. In this way, the catalyst
loading (Mca¢) can be calculated from STY and production. Then, stan-
dard tube diameter and length are selected for arrangement in reactors
and compared for volume, resulting in optimum structural parameters.
However, this approach fails to perform global optimization and design
of reactors due to relying on point data. Both structural parameters and
operating parameters all affect heat transfer coefficient and pressure
drop (AP) and then influence reactions. These coupling factors often
cannot be considered if point data from single-tube experiments is used
directly. Globally design and optimization of reactors can not only
obtain maximum production based on optimum parameters but also
avoid issues with thermal stability and momentum transfer. Thus,
researching the coupling between the reaction rate and transfers of heat
and momentum is crucial for designing and optimizing reactors. In this
work, we propose a coupled design approach that combines kinetics
with transfers and use it to design and optimize the reactor for ethanol.

In the separation of reaction system with hydrogen (Hy), cryogenic
separation often suffers from high operating cost [22]. In contrast,
physical absorption has the advantages of easy operation, high selec-
tivity, and low cost, which is widely used for separating mixed gas.
Particularly, the choice of absorbent is critical for absorption, as it
directly determines the efficiency and economy of the absorption pro-
cess. Ethylene Glycol (EG) and Glycerol (Gly) have been mainly used to
absorb ethanol [23,24]. In this process, ethyl acetate (EtOAc) as the
byproduct also needs to be recovered, but EG and Gly as absorbents are
unable to meet the requirement of separation. In this work, A new
absorbent is selected to recover both ethanol and ethyl acetate and
compared with EG and Gly in some aspects. In addition, we design and
provide a crude separation process including absorption and desorption,
and then it is optimized by single-factor methods.

This work proposes a novel energy-saving reaction-crude separation
process for acetic acid hydrogenation to ethanol, including reaction and
crude separation section. Firstly, the reaction kinetics are converted, and
the thermodynamic model with the regressed binary interaction pa-
rameters is studied to investigate the entire process. The industrial
reactor for synthesizing ethanol is designed and optimized based on the
coupled design approach. Then the crude separation process with a new
absorbent for recovering ethanol, including absorption and desorption,
is modeled and optimized. Finally, the proposed process is evaluated and
optimized from the view of energy.

2. Process studied
2.1. Reaction kinetics

The reaction kinetics of acetic acid hydrogenation to ethanol over the
PtSn/K/Al,;O3 catalyst are given by Zhou et al. [25], considering two
main reactions (R1: acetic acid hydrogenation and R2: esterification) as
follows:

R1 : CH3;COOH + 2H,—C>Hs0H + H,0

AH), = —44.17 kJ /mol W
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R2 : CH3;COOH + C,HsOH—CH3COOC,Hs + H,0

AHY) = —18.37 kJ /mol 2

In this work, the influence of catalyst particle size on efficiency of
particles is not considered. Since the STY of ethanol from the single-tube
pilot experiment using a large particle catalyst is comparable to those
calculated by the present kinetics, and this paper focuses on the con-
ceptual design of the reaction process, the reaction kinetics are still used
in this paper for the subsequent modeling and simulation.

The kinetics are described by Langmuir-Hinshelwood-Hougen-
Watson (LHHW) equations. The LHHW Kkinetic structure mainly con-
sists of three terms: kinetic term, driving-force term, and adsorption
term [26]. It is important to convert the reaction rate equations and their
units in the original paper into the form required by Aspen Plus as a basis
for reactor simulation and optimization. The original data is pressures in
MPa and reaction rates in mol~h’1~g§a1t. These must be transformed to
use Pascals and mol-s’1~g§alt. The final reaction rates of acetic acid
consumption for hydrogenation and esterification are converted and
represented by Eq. (3), with each specific term listed in Table 1. Table S1
gives the kinetic and adsorption parameters input into the Aspen LHHW
reaction model to implement these kinetics.

Table 1
Driving-force term and adsorption term of R1 and R2.

Racon,1

Driving-force term

Term1 —4276.16
(mol-Pa%/s/ 1.678 % 1078 x exp (#)PIQPACOH
8cat)
Term2 N —8842.16
(mol-Pa2/s/ 1.7 x 107 x exp <f — 26.49 + 6.011 x InT — 4.308 x
8cat)

1073 x T)PEtOHPH;O

Adsorption term

Term3 (Pa) (Pr0Ps,)*°
Term4 (P :

erm4 (Pa) 3.927 x 1079 x exp (3449 6>PACOH(PH20PH2)05
T P - .

erm5 (Pa) 9.33% 10 x exp (%)PH,PHQD%
Term6 (Pa) 2.52 x 1079 x exp (33(;77>PE@AC(PHZOPH2)OS
T P 1293.

erm7 (Pa) 975 x 10* x exp ( 93 84)PEA:OHPH2005
Terms (Pa) 8.553 x 107* x exp <w>PAcoHPH2PHZO’°’5
Term9 (Pa) 1.059 x 1075 x exp (Lﬁ‘zl)pﬁzol.s
Racon,2
Driving-force term
Terml (mol-Pa/ —3537.17

9.736 % 1078 — | PaconP’

T 2 1-P; _ .

erm2 (molPa/ g 736« 10-8 x exp (M +16.56 —2.353 x InT +2.11 x

8/8cat) T

1073 x T)PEmAcPHzo

Adsorption term
Term3 (Pa’®) %
Term4 (Pa®5 .

erm4 (Pa™) 3.927 x 107° x exp (344T9 6>PAc0HP%zso
T Pals - -

erm5 (Pa’) 9.33x 10~ x exp (%) (P, Pry0)%°

0.5

Term6 (Pa™>) 252 x 10~ x exp (330'77>P510A5PH2005

T Pa’> 1293.
erm7 (Pa"~) 9.75 % 10-* x exp (ﬁ)PEtOHPHZDO'SPHZ -05

Term8 (Pa’® —-1019.85

erm8 (Pa™) 8.553 x 10~ x exp <f)PAcOHPH20‘5PH2070'5
Term9 (Pa®® -160.21

erm9 (Pa™”) 1.059 x 105 x exp (%)PMOLSPH[M
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(driving — force term)
adsorption term
terml — term2
(term3 + term4 + term5 + term6 + term7 + term8 + term9)?

Racon = (kinetic term)

3

The reactor is simulated and the reaction kinetics are validated in
Aspen Plus by using the RPlug model. Fig. 1a, b, and ¢ show the match of
experimental and simulated values of acetic acid conversion and ethanol
selectivity at different pressures, temperatures, and weight hourly space
velocity (WHSV) of acetic acid, respectively. The regular curves for
simulated values of conversion and selectivity are basically in agreement
with experimental values, indicating that the converted kinetic model
can accurately describe the process of acetic acid hydrogenation reac-
tion, which can be used for reactor process simulation and optimization.

2.2. Thermodynamic property method

The thermodynamic method is key to accurately simulating the
subsequent separation process. Considering the system containing acetic
acid and ethanol that are susceptible to vapor-phase association [27],
the NRTL-HOC model can be well used to describe the vapor-liquid
phase equilibrium relationship [28,29], in which the NRTL model de-
scribes the non-ideal state of the liquid phase, the Hayden-O’Connell
equation [30] describes the non-ideal state of the vapor phase, and the
hydrogen (Hy) is considered as Henry’s component.

International Journal of Hydrogen Energy 130 (2025) 462479

In this work, we retrieved and selected several alternative potential
absorbents including EG, Gly, and N-methyl-2-pyrrolidone (NMP) [31]
from previous literature. The binary interaction parameters for EG and
Gly as absorbents are given in Table S2 and Table S3 and the binary
interaction parameters for NMP as absorbent are given below.

Binary interaction parameters of AcOH-NMP and EtOAc-NMP are
missing in Aspen Plus. Regression of binary interaction parameters of
the model by fitting vapor-liquid equilibrium (VLE) data from the
literature. The binary interaction parameters between the remaining
components were used as inbuilt values and the binary interaction pa-
rameters between components are shown in Table 2. The VLE data for
AcOH-NMP were obtained from Chang et al. [20], and for EtOAc-NMP
from Yang et al. [21].

Fig. 2a and b represent the T-x-y curves of AcOH-NMP and EtOAc-
NMP, respectively. It can be observed that the calculated VLE curves
are in good agreement with the experimental values, indicating that the
NRTL-HOC model can accurately describe the VLE of the system and can
be used for process simulation.

3. Process design and optimization

Fig. 3 shows a conceptual block flowsheet diagram of the design of
the reaction-crude separation process for acetic acid hydrogenation to
ethanol. The reaction-crude separation process mainly consists of two
parts: reaction and crude separation by absorption. Acetic acid and

a b
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Fig. 1. Experimental and simulated values of AcOH Conversion and EtOH Selectivity at different (a) pressures, (b) temperatures, and (c) WHSVs.
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Table 2

Binary interaction parameters of the NRTL-HOC model.”.
Component i EtOH EtOH Water Water AcOH AcOH AcOH EtOH AcOH EtOAc
Component j Water EtOAc EtOAc NMP EtOH Water EtOAc NMP NMP NMP
Aij —0.801 —-1.151 9.463 7.408 0 -1.976 0 2.146 0 1.554
Aji 3.458 —0.243 -3.720 —2.244 0 3.329 0 -1.749 0 0.909
bij (K) 246.18 524.424 —1705.68 —2279.96 —252.482 609.889 —235.279 —482.196 187.075 —991.073
bji (K) —586.081 282.956 1286.138 533.847 225.476 —723.888 515.821 254.607 —670.872 560.815
cij 0.3 0.3 0.2 0.3 0.3 0.3 0.3 0.5 0.3 0.3

@ Selecting the NRTL-HOC property method to regress the binary interaction parameters of AcOH-NMP, selecting the NRTL property method to regress the binary

interaction parameters of EtOAc-NMP.

(a) T-x-y for AcOH/NMP
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410 F e Exp-T-x
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Fig. 2. (a) AcOH-NMP T-x-y curves at 1.0133 bar, (b) EtOAc-NMP T-x-y curves at 1.013 bar.

Recycle H,
Compressor [«
AcOH Condenser- Absorber-
Y—>| Heater —>| Reactor —»
Separator Desorber
H, EtOH EtOH
EtOAc EtOAc
w Water v Water

»

Fig. 3. Conceptual block flowsheet diagram of the reaction-crude separation process.

hydrogen are mixed and passed through a heater and into the reactor for
reaction. The reactor effluent mainly containing acetic acid, hydrogen,
ethanol, ethyl acetate, and water obtained from the reaction was cooled
and then separated by the vapor-liquid separator, which ethanol, ethyl
acetate, and water were mainly separated. The hydrogen with a small
amount of ethanol is got into the absorber. Finally, the high-purity
hydrogen is recycled back to the reactor through a compressor, and
the ethanol is completely recovered.

3.1. Reactor design and optimization

For the design of industrial reactors, acetic acid hydrogenation is an
exothermic reaction with a large enthalpy change and the enthalpy
change of esterification is moderate [32]. Therefore, when the reaction
rate and ethanol selectivity are large, a large amount of heat is released
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during production and the exothermic rate is also large. Also considering
the relatively high sensitivity of ethanol selectivity to reaction temper-
ature, conventional fixed-bed reactors such as packed-bed reactors may
not meet the heat transfer requirement. This type of reactor could cause
an uneven axial/radial bed temperature profile, high axial hot spot, and
thus deteriorative ethanol selectivity. Moreover, serious problems such
as catalyst sintering and reactor damaging are prone to occur.
Multi-tubular fixed-bed reactors [33,34] commonly offer a large ratio of
heat transfer area to volume, which ensures sufficient heat removal rate
to deal with the generated reaction heat rate within the reactor and are
widely used in hydrogenation reactions with large thermal effects [35,
36]. In addition, saturated water is used to control the temperature
profile of the reactor to ensure safe operation at the optimum reaction
temperature and to avoid thermal runaway [37,38]. Therefore, in this
paper, a multi-tubular fixed-bed reactor is developed for acetic acid
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hydrogenation to ethanol from reaction kinetics, coupled with heat and
momentum transfers.

3.1.1. Design and optimization method

Reactor design and optimization are at the heart of the actual project
design and even directly affect the economics of the entire technology.
In the case of a multi-tubular fixed-bed reactor, M., directly determines
the volume of the bed (V) when the catalyst particle characteristics and
filling method are determined. However, the design of a multi-tubular
fixed-bed reactor is to determine the volume of the reactor (V,), which
involves several structural parameters such as bed height (L), tube
diameter, and number of tubes (Ny). In addition, more favorable oper-
ating parameters not only increase the reaction rate and production but
also enhance the safety and stability of the reactor.

The conventional design of a multi-tubular fixed-bed reactor is pri-
marily based on single-tube experimental point data. It was assumed
that the operating parameters of each tube in the industrial reactor were
the same as those of the single-tube experiment, and M, was calculated
based on the STY of the single tube and the target production. Further,
the industrial reactor was designed and the reactor structural parame-
ters and V, were obtained by standard tube diameter and length. In
single-tube experiments, STY can be effectively enhanced and reaction
performance optimized by appropriately increasing WHSV or reducing
Mear. However, this may result in poor momentum transfer and reaction
inefficiency. Conversely, taking the approach of reducing WHSV or
increasing My, although the problems can be solved, tends to limit the
catalyst performance to be fully utilized, thus leading to a decrease in
STY. Therefore, it is time-consuming and labor-intensive to find the right
WHSV and M, to maximize the reaction performance through single-
tube experiments, which is not conducive to reactor design and pro-
cess development.

From the heat transfer perspective, WHSV and tube diameter directly
affect the temperature profile in the multi-tubular fixed-bed reactor. On
the one hand, WHSV affects convective heat transfer and reaction rates
within the reactor bed. On the other hand, the use of larger tube di-
ameters for the same Vi, and operating parameters is expected to reduce
the V. However, too large tube diameter results in poorer heat transfer,
and large amounts of heat generated by the reaction cannot be timely
removed, and the bed may experience temperature runaway or even
cause catalyst sintering. The axial temperature profile along the reactor

570
- T, —=— Temperature
~560 |
N
N—"
=
=
< 550 F
5]
O I
g {
[ I
B 540 ;
|
1
530 1 L1 1 1 1 1 1
0 1 2 3 4 5 6
Reactor length (m)

Fig. 4. Axial temperature profile along the multi-tubular fixed-bed reactor.
Initial operating parameters of reactor: d; = 32 mm, L = 6 m, WHSV = 1 hY,
Mey; = 25000 kg, U = 300 W/m?/K, AP = 0.6 bar, T, = 548.15 K, P,, = 20 bar,
M, = 10, T, = 533.15K.
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is usually shown in Fig. 4, where the bed temperature first rises to a high
point along the axial direction and then decreases and finally flattens
out. The highest point of the profile is often referred to as the maximum
temperature of the bed (Tpax) or hot spot. Considering the tolerance
temperature and service life of the catalyst, reaction temperature
(503-558 K), adverse effects that are difficult to recover may occur at
Tmax exceeding 568.15K, which is taken as the critical Tpax-

The AP is also a limiting factor for reactor design when analyzed
from the momentum transfer perspective. Too large AP leads to poorer
momentum transfer and higher operating costs, which are detrimental
to the reaction process and stable reactor operation. AP is affected by
both particle characteristics and WHSV, and tube diameter directly af-
fects AP. Based on the previous section, it is considered that the fixed 4
mm catalyst particle size (d) is consistent with the STY of the pilot scale
experiment, and the effect of the change in ds on AP is ignored. On the
one hand, increasing WHSV increases superficial gas velocity, causing
AP to increase. On the other hand, increasing tube diameter decreases
bed voidage (ep), causing AP to increase. Considering that the reactor
operating pressure is in the range of 10-30 bar, 0.6 bar (3 % x 20 bar)
was selected as the critical AP.

In summary, the relationship between heat and momentum transfer
is complex. For the fixed Vj, increasing the tube diameter can signifi-
cantly reduce V;, however, increasing the tube diameter could deterio-
rate heat transfer and increase AP. It is possible to reduce AP by
lowering WHSYV, but this may also deteriorate heat transfer. To achieve
the desired production, lowering WHSV will increase M, and thus Vi,
Finally, V; may instead increase. Therefore, finding appropriate WHSV
and tube diameter should be significant, but using the traditional reactor
design method is difficult.

For the design of a multi-tubular fixed-bed reactor, there exists an
appropriate WHSV and tube diameter to minimize V, and V, while
maintaining an appropriate temperature profile and AP. Therefore, this
paper aims to determine M, at different STYs with target production
and to study the effect of WHSV on temperature profile and AP based on
kinetics. Then different sizes of the standard tube were selected to
investigate the influence of tube diameter on temperature profile and AP
in the bed. To this end, this paper proposes a two-factor (WHSV and tube
diameter) influenced multi-tubular fixed-bed reactor design and opti-
mization method through process simulation and numerical calcula-
tions, combined with the heat and momentum transfer model.

Fig. 5 shows a conceptual block flowsheet diagram of the multi-
tubular fixed-bed reactor for acetic acid hydrogenation to ethanol, the
two-factor optimization sequence of the multi-tubular fixed-bed reactor
design, and the single-factor (operating parameters) optimization
sequence of the multi-tubular fixed-bed reactor. For reactors with small
reaction heat or small tube diameters, the radial temperature profile is
even. This paper focuses on the relationship between tube diameter and
axial temperature profile in the bed, it may be convenient to use a one-
dimensional model that considers only axial gradients of temperature
[39,40].

The overall heat transfer coefficient (U) between the bed and satu-
rated water is given by Eq. (4).

1 1 1 6

+—+—+R
as }\@

4

[
Where a4, is the convective heat transfer coefficient from the bed to the
tube wall, W/m?/K. af is the convective heat transfer coefficient of
saturated water outside the tube to the tube wall, W/m?/K. A is the
thermal conductivity of the tube wall, W/m/K. § is the tube wall
thickness, m. R, is the fouling coefficient of the bed as well as outside of
the tube, m2-K/W. Table S4 gives the expansion of each term in the
equation.
The AP of the bed is given by Ergun’s equation [41].



C. Zhou et al.

International Journal of Hydrogen Energy 130 (2025) 462479

Give the different d;s to the reactor

Give T, Py, M,, T, L, N;, M, and g to the
reactor

Give the initial U to the reactor

}

—» Give the initial WHSV and AP to the reactor

|
Calculate WHSV at fixed 100 ktpy EtOH production

Input the updated WHSV to the reactor

Get the parameters and calculate AP by equation 5

Input the updated AP to the reactor

|

ﬂo Is error of Mass flow of
EtOH within 2 kg/h
| Yes
Get the parameters and calculate U by equation 4
No

Is the error of the updated U and
the initial U within 1 W/m“/K

l Yes

Get the T, and AP at different WHSVs

}

Evaluate the results and check constraints

( e = SOBISTC )

AP < 0.6 bar
Get the optimum WHSV at different d;s

|

Calculate V, at different dis

Get the optimum d;

| HP steam | |
|
|A°_OH> Mixed gas E"OtH I
mixture
|, | Heater » Reactor ————» |
= I
| Water | |
! ' l
B _____
' I
Give the different T,s to the reactor
Give the initial U and AP to the reactor <
1
Get the parameters and calculate AP by equation 5
Input the updated AP to the reactor
1
Get the parameters and calculate U by equation 4
Is the error of the updated U and N_O

the initial U within 1 W/m?*/K

lYes

Get the T, and AP at different T,s

}

Evaluate the results and check constraints

( T < 568.15K )

AP = 0.6 bar

|

Get the optimum T, and fix it to the reactor

Optimize P,, M,, and T, with the same method
in turn

Fig. 5. (a) Conceptual block flowsheet diagram of the multi-tubular fixed-bed reactor, (b) Two-factor optimization sequence of the multi-tubular fixed-bed reactor
design, (c) Single-factor optimization sequence of the multi-tubular fixed-bed reactor.
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Where f* is the coefficient of frictional resistance. p is the density of the
gas, kg/m>. u, is superficial gas velocity, m/s. L is bed height, m. ey, is
bed voidage. d; is catalyst particle size, m. Rey is the corrected Reynolds
number. p is gas viscosity, kg/m/s.

During the design and optimization of the reactor, the inner diameter
of the tube (d;) was selected as 19 mm, 26 mm, 32 mm, 38 mm, and 50
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mm. To better study the effect of tube diameter on temperature profile
and AP of the multi-tubular fixed-bed reactor, L was selected as 6 m. In
addition, this paper considers the effect of changing tube diameter on ¢y,
but as g, has less effect on the bed density, the relationship between tube
diameter and ¢, is shown in Table S5. Therefore, the estimated bed
density of 1000 kg/m3 was selected at the fixed dg. The My and Vi, of
different STYs at 100 kilotons per year (ktpy) ethanol are shown in
Table 3.

Although mechanistic kinetic is used for the reactor model, it
coupled heat and momentum transfer to form macroscopic kinetics.
Moreover, the reactor is designed and optimized within the range of
experimental conditions from the kinetics. Therefore, the reactor can be
accurately modeled in this paper. Aspen Plus V12 software was used to
construct the reactor model and the design and optimization of the
reactor involved establishing a connection between MATLAB 2019A and
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Table 3

The M, and Vy, of different STYs at 100 ktpy EtOH.
STY (g/(8car'h)) 0.25 0.3 0.35 0.4 0.45 0.5 0.55
Meat (kg) 50000 41666.7 35714.3 31250 27777.8 25000 22727.3
A%S (m3) 50.00 41.67 35.71 31.25 27.78 25.00 22.73

Aspen Plus V12 software. The connection between MATLAB 2019A and
Aspen Plus V12 can greatly reduce the time required to run Aspen Plus
V12 alone and work with data. S1 gives how to connect Aspen Plus to
MATLAB 2019A. MATLAB 2019A and Aspen Plus V12 are connected
through a COM server [42]. After both establish a connection, MATLAB
2019A reads node parameters in Aspen Plus V12, which accepts values
of variables, performs simulation, and passes simulation results back to
MATLAB 2019A for further processing and optimization, forming an
iterative structure.

Fig. 5b represents the two-factor optimization sequence of the multi-
tubular fixed-bed reactor design, which is achieved by iterative calcu-
lations to determine tube diameter and WHSV. Initial reactor processes
were fixed with the temperature of saturated water (T), the pressure of
the process stream (P},), the mole ratio of hydrogen to acetic acid (M,),
the temperature of the process stream (Tp), L, Ni, Mca, and e, and
established at different tube diameters. U is given initial value, and
WHSV and AP are also given initial values. We iteratively calculate
WHSYV at the target production and then input the updated WHSV to the
reactor. We get parameters such as density and viscosity from the
simulation results and get the updated AP by eq. (5). Now, we input the
updated WHSV and AP and calculate whether the ethanol production
differs from the target production by 2 kg/h. The updated WHSV and AP
go to the outer iteration if the error is met. If the error is exceeded, the
updated WHSV and AP are iteratively calculated again as initial values.

When the inner iteration is finished, the outer iteration is started. We
input the updated WHSV and AP to the reactor, and parameters such as
thermal conductivity, viscosity, and amount of heat transfer are ob-
tained from simulation results. We get the updated U by eq. (4) and
check the error between the updated U and the initial U is less than 1 W/
m?/K. The end of iteration is implemented when the error is satisfied. If
it does not conform, the updated U is returned to start as the initial
value.

The Thax and AP at different WHSVs are obtained through iterative
calculations, and Vy, is used as the optimization objective to determine
the optimum WHSV under constraints. The above optimization process

was repeated for different tube diameters. Finally, the optimum tube
diameter was determined by calculating V; based on the V}, of different
tube diameters.

After completing the reactor design, different operating parameters
were sequentially optimized. The operating parameters include Ts, Pp,
M;, and Tj. The single-factor optimization sequence considers only the
effect of operating parameters on Ty, and AP, which is shown in Fig. 5c.
We give the initial U and AP to the reactor and calculate AP by eq. (5).
Then, we get the updated AP and input to the reactor. Similarly, we get
the updated U by eq. (4) and check the error between the updated U and
the initial U is less than 1 W/m?/K. We end the iteration when the error
is satisfied. If it does not conform, the updated U is returned to the start
as the initial value.

The Tpax and AP were obtained by iterative calculations at different
operating parameters. The STY of ethanol was used as the optimization
objective. With the constraints, the operating parameters are
determined.

3.1.2. Optimum structure parameters

After iterative calculations, Table 4 and Fig. 6 are obtained. Table 4
gives ap, of, and U for different WHSVs at each tube diameters. Hori-
zontally, when the tube diameter is large, o, is less than og, and the
convective heat transfer within the bed dominates over the overall heat
transfer process. Dynamically, as the tube diameter decreases, the mass
flow of gas per unit cross-sectional area increases, which increases a,.
The ar decreases due to the increase in heat transfer area. As the tube
diameter decreases below a certain value, convective heat transfer
within the bed gradually ceases to dominate. Longitudinally, large
WHSV corresponds to large STY in Table 4, large STY corresponds to
small M in Table 3, the reduction in M, causes the reduction in Vy,
and N; decreases due to the reduction in Vj,. Increasing mass flow of gas
per unit cross-sectional area increases oy, decreasing heat transfer area
increases af, and U increases.

The effect of different WHSVs and tube diameters on Tp,,x and AP are
analyzed in Fig. 6. From Fig. 6a, Tpax decreases with increasing WHSV.

Table 4
Convective heat transfer coefficient within the bed and outside the tube and the overall heat transfer coefficient at different tube diameters.”.
STY g/ WHSV d; = 50 mm WHSV d; = 38 mm WHSV d; = 32 mm
h ht -1 ~1
(Bearh) o, W/m%/  aW/m*  UW/m%/ o W/m%/  aW/m?/  UW/m?/ aW/m?/  aW/m*  UW/m%/
K K K K K K K K K
0.25 0.54 375.1 1024.4 229.9 0.54 449.6 819.7 240.7 0.54 496.3 722.0 2449
0.30 0.66 424.5 1161.5 254.7 0.67 508.9 929.4 266.6 0.67 561.9 818.6 271.3
0.35 0.79 471.8 1287.1 277.4 0.79 566.0 1030.1 290.0 0.80 624.9 907.3 295.3
0.40 0.92 517.8 1403.0 298.2 0.93 621.2 1122.8 311.5 0.93 686.1 989.0 317.2
0.4/5 1.06 562.8 1510.2 317.7 1.06 675.4 1208.6 331.3 1.07 746.1 1064.8 337.4
0.50 1.20 607.1 1609.5 335.9 1.21 728.8 1288.3 349.8 1.21 805.2 1135.1 356.2
0.55 1.34 650.9 1701.4 353.0 1.35 781.7 1362.4 367.1 1.36 863.7 1200.6 373.8
STY g/(8car'h) WHSV h! d; = 26 mm WHSV h~! d; = 19 mm
ap W/m?/K a W/m?/K U W/m?/K ap, W/m?/K o W/m?/K U W/m*/K
0.25 0.55 549.1 605.4 240.5 0.55 609.5 459.0 222.1
0.30 0.67 621.7 686.4 266.7 0.67 690.2 520.4 246.7
0.35 0.80 691.5 760.8 290.3 0.80 767.8 576.8 268.9
0.40 0.93 759.3 829.4 311.8 0.93 843.2 628.8 289.1
0.45 1.07 825.8 892.9 331.6 1.07 917.1 677.0 307.7
0.50 1.21 891.4 952.1 350.0 1.22 990.0 7219 324.8
0.55 1.36 956.4 1007.1 367.2 1.37 1062.3 763.8 340.9

2 The & of d; = 50 mm is 3.5 mm, the § of d; = 38 mm is 3.5 mm, the § of d; = 32 mm is 3.0 mm, the § of d; = 26 mm is 3.0 mm, the § of d; = 19 mm is 3.0 mm. The A of

all tube diameters are fixed at 19 W/m/K. The R, is fixed at 0.000526 m?K/W.
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Fig. 6. The effect of WHSVs on (a) Trax, (b) AP at different tube diameters in the multi-tubular fixed-bed reactor. Operating parameters of reactor: Ts = 548.15 K, P,,

— 20 bar, M, = 10, T, = 533.15 K.

For a certain tube diameter, increasing WHSV increases U, which de-
creases Tnax. For a certain WHSV, Tp,ax increases as the tube diameter
increases. In addition, the effect of WHSV on Tp,.x diminishes after the
tube diameter is reduced. This indicates that convective heat transfer
within the bed is no longer dominant.

From Fig. 6b, WHSV and tube diameter are the main factors affecting
AP. For a certain tube diameter, increasing WHSV increases superficial
gas velocity, which causes a significant increase in AP. When WHSV is
certain, increasing tube diameter causes a decrease in €, and a conse-
quent increase in AP. Therefore, AP can be effectively reduced by
reducing both WHSV and tube diameter.

Based on the above analysis, the optimum WHSV for each tube
diameter is determined at minimum M, and V3, constrained by critical
Tmax and AP. The optimization results for the design of the multi-tubular
fixed-bed reactor are shown in Table 5, which gives Mg, and Vi, at
corresponding WHSV.

Fig. 7 gives the relationship between tube diameter and V. At tube
diameters 19, 26, and 32, heat transfer is sufficient, and WHSV is
determined by pressure drop limitation. As the tube diameter increases,
the bed voidage decreases and thus increases bed pressure drop. Thus,
small tube diameters make pressure drop a limited factor, WHSV to be
reduced to decrease pressure drop. In this case, the increase of V}, caused
by pressure drop limitation is somewhat gradual. V; reduces because of
the tube diameter increasing. However, at tube diameters 38 and 45, the
influence of diameter on voidage and pressure drop becomes insensitive,
but heat transfer influence rises to the determinative factor. Thus, as the
tube diameter increases, heat transfer limitation causes the WHSV to be
reduced to decrease the generated reaction heat rate. In this case, the
increase of Vi, caused by heat transfer limitation is quite significant due
to the highly strong nonlinearity of the reaction rate. V; increases as the
tube diameter increases. In summary, the multi-tubular fixed-bed
reactor with a tube diameter of 32 mm was selected for this process
study.

Table 5
Optimum WHSVs of the multi-tubular fixed-bed reactor at different tube
diameters.

d; (mm) WHSV (h ) Meae (kg) Vi (m®)
19 1.217 25000 25.00
26 1.070 27777.8 27.78
32 1.067 27777.8 27.78
38 0.927 31250 31.25
50 0.922 31250 31.25
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Fig. 7. The multi-tubular fixed-bed reactor volume of different tube diameters.

3.1.3. Optimum operating parameters

Fig. 8a, b, ¢, and d represent the U at different Tss, Pp,s, M;s, and Tps,
respectively. U is negatively correlated with Ts. Whereas it is positively
correlated with the other operating parameters. As T increases, the
amount of heat transfer decreases, which weakens the convective heat
transfer outside the tube, and thus reduces U. Increasing P, or Ty, in-
creases conversion, and thus increases the amount of heat that should be
removed. This will intensify convective heat transfer outside the tube
and increase U. Increasing M, increases gas volume, which increases
convective heat transfer within the bed, thus increasing U.

Fig. 9a, b, ¢, and d show optimization results for different operating
parameters, respectively. Fig. 9a represents the effect of Ts on Tpax, AP,
and STY. The significant increase in Tpax shown in the figure is due to
increasing Ts and decreasing U. Increasing T, increases conversion,
which causes a significant increase in STY. Moreover, the increase in
conversion caused a decrease in mixture density within the bed. This
causes gas velocity to increase slightly, which also causes AP to increase
slightly.

The AP in Fig. 9b decreases as P}, increases. In addition to WHSV and
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Fig. 8. (a) The U at different T,s. Operating parameters in the reactor: P, = 20 bar, M; = 10, T, = 533.15 K. (b) The U at different Ps. Operating parameters in the
reactor: T = 553.15 K, M, = 10, T, = 533.15 K. (c) The U at different M;s. Operating parameters in the reactor: T, = 553.15 K, P, = 30 bar, T, = 533.15 K. (d) The U
at different Tps. Operating parameters in the reactor: T = 553.15 K, P, = 30 bar, M, = 11.

tube diameter, pressure is also a major factor affecting AP. As pressure
increases, gas velocity decreases, which causes a significant decrease in
AP. Increasing pressure increases conversion, which enhances reaction
exotherm. Even with a slight increase in U, Tp,y is still slightly elevated.
Both STY and AP in Fig. 9c increase as M, increases. Acetic acid hy-
drogenation is a consecutive reaction and excess hydrogen favors
ethanol production [43]. Increasing M, increases gas velocity, which
causes AP to rise. U increases significantly, while T, necessarily
decreases.

It is shown that T, P), and M, are the key operating parameters
affecting performance. The T}, has little effect on the reaction [43]. It can
be seen in Fig. 9d that T, does not affect STY. Increasing U favors heat
transfer. However, increasing T, caused an increase in bed temperature,
which is not conducive to the stable operation of the reactor. Therefore,
preheating of the process stream is achieved by heat exchange between
the inlet stream and the outlet stream of the reactor, which avoids
reheating of the heater and improves reactor safety and economic effi-
ciency. In summary, the optimum operating parameters are shown in
Table 6.

3.2. Crude separation process design and optimization

3.2.1. Design and optimization method

After the reaction in the multi-tubular fixed-bed reactor, the mixture
is cooled with vapor-liquid separation. The incompletely recovered
ethanol and ethyl acetate are further separated and a large amount of
hydrogen need to be recycled back to the reactor to participate in the
reaction. Recovery of ethanol and recycling hydrogen through absorp-
tion greatly improves the economics of the process.

The ethanol mixed gas enters the absorber, and NMP acts as the
absorbent to carry away ethanol and ethyl acetate in the mixture. Almost
pure hydrogen separated is recycled to the reaction section as feedstock.
The absorbent with solute enters the desorber to recover ethanol and
ethyl acetate, and the pure absorbent survived is recycled to the
absorber. The crude separation process by absorption is shown in
Fig. 10. In this process, the absorber pressure is related to P, and AP. To
avoid excessive compression ratios of the compressor for recycling
hydrogen, the pressure of the absorber at 29 bar has been determined.
Due to the high bubble point (T},) of NMP, the desorber is a low-pressure
tower. This ensures operational stability and reduces the desorber’s
reboiler duty.
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Table 6
Optimum operating parameters of the multi-tubular fixed-bed reactor.
Parameters T, (K) P, (bar) M, T, (K)
Value 553.15 30 11 513.15
Recycle H, T Vent gas
EtOH
Nmp . EtOAc
AT NMP mixture Water
Absorber » Desorber
EtOH mixed gas
———————— _’

Recycle NMP

Fig. 10. Conceptual block flowsheet diagram of the crude separation process.

Investigating the effect of different variables on the recovery of
ethanol and ethyl acetate in the absorber and the recovery of ethanol
and NMP in the desorber improves ethanol recovery from the absorption
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process [44]. In the absorber, optimizable parameters are absorbent
flow rate (Fy), the temperature of absorbent (T,), the temperature of the
gas (Tg), and the number of trays in the absorber (N,). When optimum
parameters of the absorber were reached, the pressure of the desorber
(Pg), mole reflux ratio of the desorber (My), the feed position of the
desorber (Fq), and the number of trays in the desorber (Ng) are varied to
optimize the desorber. The initial parameters for steady state simulation
of the absorption process are shown in Table 7.

3.2.2. Absorbent selection
A suitable absorbent is very important in the absorption process. The
absorbent should be characterized by high solubility to ethanol, high Ty,

Table 7

Initial parameters for steady state simulation of the absorber and desorber.
Variables Unit Value
Absorbent flow rate kg/h 2000
Temperature of absorbent K 298.15
Temperature of the gas K 298.15
Number of trays in the absorber 15
Pressure of the desorber bar 0.4
Mole reflux ratio of the desorber 0.3
Feed position of the desorber 10
Number of trays in the desorber 20
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low relative volatility, green, and not reacting with any components in
the mixture [45]. In this work, NMP, EG, and Gly are analyzed and
screened in terms of four aspects: T}, saturated vapor pressure (Pgy,), and
ethanol and ethyl acetate recovery rate. The results are shown in Fig. 11.

As shown in Fig. 11a, the Ty, of NMP is between EG and Gly and has a
high Ty. From Fig. 11b, the Py, of Gly at 298.15 K is very low. This in-
dicates that the loss of Gly as absorbent is minimal. The Pg, of EG and
NMP are larger than Gly but within reasonable limits. Fig. 11c, d rep-
resents the recovery of ethanol and ethyl acetate with different Fys to
compare the solubility and selectivity of the absorbent to solute. It is
obvious from Fig. 11c that all ethanol is recovered at a small NMP flow
rate, which indicates that NMP has optimum ethanol solubility. Fig. 11d
shows the recovery rates of ethyl acetate by different absorbents. EG and
Gly have excellent recovery rates of ethanol. However, they are less able
to absorb ethyl acetate. A relatively low NMP flow rate can efficiently
reduce the energy consumption of the crude separation process.
Therefore, NMP was used as a novel absorbent for ethanol to study the
crude separation process.

3.2.3. Optimum absorber parameters

Fig. 12a—d gives the effect of different parameters on the recovery
rates of ethanol and ethyl acetate in the absorber. Fig. 12a shows that by
increasing F, from 1000 kg/h to 6000 kg/h, ethanol has been fully
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recovered and the recovery rate of ethyl acetate dramatically increases.
This indicates that NMP has excellent solubility and selectivity of
ethanol. With F,, greater than 3500 kg/h, the increasing trend of ethyl
acetate recovery rate is no longer significant. If a larger F, is used, it will
increase absorbent losses. F, of 3500 kg/h was selected to recover as
much ethyl acetate as possible and increase the purity of recycled
hydrogen. The F, was optimized and the absorber recovered 99.99 %
ethanol and 92.24 % ethyl acetate.

As shown in Fig. 12b, ethanol and ethyl acetate recovery rates are
independent of T,. The T, of 298.15 K was chosen to avoid heating or
cooling absorbent for economic efficiency and easy operation. At this
point, ethanol and ethyl acetate recovery rates are 99.99 % and 92.27 %,
respectively. As shown in Fig. 12¢, the ethyl acetate recovery rate de-
creases with increasing Tg. Lower Ty significantly improves ethyl acetate
recovery and reduces absorbent loss. Therefore, the T, of 288.15 K was
chosen to recover 99.99 % ethanol and 99.9 % ethyl acetate.

Based on the above optimization, ethanol and ethyl acetate recovery
in the absorber has been at the optimum. We can reduce the equipment
cost by appropriately reducing the N, in the absorber. The effect of N, on
ethyl acetate recovery rate was shown in Fig. 12d-be insignificant for N,
greater than 10. The N, of 10 was chosen and the ethanol and ethyl
acetate recovery rates are 99.9 % and 99.5 %.
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Fig. 11. (a) T, of different absorbents at 298.15 K. (b) Py, of different absorbents at 298.15 K. (c) EtOH recovery in the absorber by using different absorbents with
varying flow rates. (d) EtOAc recovery in the absorber by using different absorbents with varying flow rates. Operating parameters in the absorber: T, = 298.15 K, T,

=298.15K, N, = 15.
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3.2.4. Optimum desorber parameters

Fig. 13a—d represent the effect of P4, Mg, F4, and Ng on ethanol and
NMP recovery in the desorber, respectively. From Fig. 13a, at a rela-
tively low-pressure range, the ethanol recovery rate increases with
increasing pressure, whereas the NMP recovery rate remains almost
constant. The optimum Py is 0.6 bar, at which the recovery of NMP and
ethanol is 99.99 % and 98.86 %, respectively.

As shown in Fig. 13b, Mq does not affect NMP and ethanol recovery
rates. This suggests that recovery of NMP is readily achievable and
therefore reflux ratio of 0.3 was chosen to reduce the reboiler duty. In
Fig. 13c, the effect of changing Fq on NMP and ethanol recovery rates
has the same trend. When F4 is 5, the NMP and ethanol recovery rates
are 99.99 % and 98.86 %, respectively. In Fig. 13d, the effect of
changing Ng on NMP and ethanol recovery rates has the same trend.
When Ny is greater than 8, ethanol and NMP recovery rates no longer
vary. Therefore, less Ny is selected to reduce the equipment cost of the
absorption process.

Once the operating parameters of the absorber and desorber have
been optimized, the optimum absorption process modeling is achieved
in Aspen Plus. Finally, the absorption process achieves 98 % ethanol
recovery and 99.9 % NMP purity. In summary, the optimum parameters

of the absorber and desorber are shown in Table 8.

3.3. Optimized reaction-crude separation process

The optimized reaction-crude separation (RCS) process is proposed
based on the optimum design. Fig. 14 gives the process flow diagram of
the RCS process. Fresh acetic acid is mixed with fresh hydrogen and
recycled hydrogen that has passed through the compressor. The mixture
passes through a heat exchanger and enters the ethanol synthesis reactor
for reaction. After the reaction, the mixed gas containing hydrogen,
ethanol, and ethyl acetate is heat-exchanged with the process stream
inlet the reactor, which is then subjected to two-step condensing and
separation. Step condensing not only separates most of ethanol but also
saves energy. However, ethanol has not completely separated and
hydrogen has not reached recycling purity. Then, ethanol mixed gas
enters the absorber, and ethanol and ethyl acetate are removed by NMP.
The recycled hydrogen continues participating in the reaction and NMP
with ethanol enters the desorber. Finally, ethanol is separated and NMP
is recycled back to the absorber. The total recovery rate of ethanol after
two-step condensing and absorption is calculated at 99.98 %. The mixed
ethanol containing mainly ethyl acetate, acetic acid, and water is
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Table 8

Optimum parameters of the absorber and desorber.
Variables Unit Value
Absorbent flow rate kg/h 3500
Temperature of absorbent K 298.15
Temperature of the gas K 288.15
Number of trays in the absorber 10
Pressure of the desorber bar 0.6
Mole reflux ratio of the desorber 0.3
Feed position of the desorber 5
Number of trays in the desorber 8

obtained from the RCS process.

In this work, the RCS process is divided into the ethanol reaction
section and the crude separation section. The ethanol reaction section
aims to realize efficient and safe production for ethanol with the multi-
tubular fixed-bed reactor. The purpose of the crude separation section is
to recover ethanol from the mixed gas by absorption, which realizes
efficient separation of ethanol. No subsequent works on acetic acid-
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water and ethanol-ethyl acetate-water separation and purification are
continued in this paper. Due to the maturity of the ethyl acetate syn-
thesis process [46,47], some scholars have studied the separation of
acetic acid-water [48,49] and ethanol-ethyl acetate-water systems [50,
51], and these can be used as the reference and basis for the separation
and purification of ethanol in this process.

4. Economic of optimized RCS process

Optimizing the process is not only important to achieve efficient
production, but also to improve the economy [52]. The economy is
regarded as one of the key bases for assessing project feasibility, so it is
necessary to explore the economic process. Then, heat integration is
proposed and used for energy saving and emissions reduction. In our
work, the RCS process is evaluated and optimized in economic and
environmental aspects to improve the competitiveness of acetic acid
hydrogenation to ethanol in different routes for producing ethanol.
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Fig. 14. Process flow diagram of acetic acid hydrogenation to ethanol reaction-crude separation process with optimized parameters.

4.1. Economic basis

In the overall chemical process design, we focus on the economic
feasibility of the project. The total annual cost (TAC) proposed by
Douglas [53]. as the evaluation criterion is used to assess chemical en-
gineering designs.

TAC( x 10°$ /year) = OC + CI/PP (8)

PP represents the Payback Period, set at 3 years; OC denotes oper-
ating costs, including steam costs, electricity costs, and refrigerant water
costs. Cooling water costs, significantly lower than steam costs, are
neglected. The utility price can be referenced from Table S7 [54]. CI,
namely capital investment, involves compressors, heat exchangers, re-
actors, vapor-liquid separators, columns, condensers, and reboilers.
Small units such as pipes, valves, reflux tanks, and pumps are dis-
regarded because of their relatively low cost. The diameters of the two
columns are estimated using the “Tray Sizing” function in Aspen Plus,
with a default tray spacing of 0.61 m. The overall tray efficiency for each
column is assumed at 50 % for practice height design. Overall heat
transfer coefficients for the condenser and reboiler are assumed at 0.852
kW/m?/K and 0.568 kW/m?/K respectively. Detailed calculation for-
mulas related to CI can be found in Table S8 and the book [43].
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4.2. Optimized RCS process

Table 9 provides the economic and CO, emissions of the optimized
RCS process for synthesizing ethanol. CI is several times higher than OC,
indicating that CI is the main cost for the RCS process. The TAC is 1.425
x 108 $/year, and the cost of synthesizing ethanol with 100 ktpy is 14.25
$/t. Although the RCS process does not include the separation and pu-
rification process, the cost per ton is still relatively appreciable.

CO, emissions are an important part of environmental protection
evaluation [55]. Furnaces, gas turbines, and boilers are major contrib-
utors to CO, emissions. These utility devices are the energy consumers in
the refining plants and are used to provide heat, steam, and power to the
process by burning fuel [56]. Hence, CO3 emissions should also draw our
attention. Relevant formulas and calculation methods are derived from
Gadalla [56], Yang [57], and Shen [55], as follows:

Table 9

Economic and CO, emissions for optimized RCS process.
Parameters Value
OC ( x 10° $/year) 0.425
CI(x10°$) 3.001
TAC ( x 10° $/year) 1.425
CO, emissions ( x 10% kg/h) 1.230
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Carbon dioxide Emissions = (Qfuel / NHV)(C% / 100)a ©)

Qfuel (kJ/h) is the total heat of the heating device and the total
power of the compressor and pump in the OP and HIR process. « is 3.67
in the equation, and the NHV (kJ/kg) represents the net heating value of
a fuel containing a carbon content of C %. The calculation formula for
Qfuel and additional detailed parameters are available in Table S9. The
CO, emissions are 1.23 x 102 kg/h from Table 9.

4.3. Optimized RCS process with heat integration

Heat integration offers great potential to reduce energy costs and
carbon emissions in plants [55]. Since the reactor can by-produce
high-pressure steam, heuristic heat integration can be used to improve
the efficiency of heat utilization in the system. Therefore, the optimized
RCS process with heat integration (RCS-HI) has been proposed to
compare their energy saving, economic, and environmental aspects with
the optimized RCS process.

High-pressure steam generated from the reactor is used to heat the
desorber which is heuristic heat integration in Fig. 15 Economic and CO4
emissions of the RCS-HI process are represented in Table 10 and it in-
dicates that there is a significant reduction in economic and CO; emis-
sions with heat integration. In addition, since the main energy
consumption in acetic acid hydrogenation to ethanol is concentrated in
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Table 10
Economic and CO, emissions for optimized RCS process with
heat integration.

Parameters Value
0C ( x 10° $/year) 0.270
CI(x 10°$) 3.001
TAGC ( x 10° $/year) 1.270
CO, emissions ( x 10? kg/h) 0.516

the separation and purification process [58], the excess high-pressure
steam can energize it which will substantially increase heat utilization
of the plant and then further reduce the cost of production.

Based on the above-completed work, a quantitative comparison be-
tween the RCS process and the RCS-HI process is investigated in terms of
the economic and CO, emissions, as provided in Fig. 16. The key benefit
of heat integration is saving OC. The reduction rate is the difference
between the RCS process and the RCS-HI process of OC, TAC, and CO»
emissions divided by the value of the RCS process. It is revealed that the
RCS-HI process offers a significant reduction in OC and TAC by 36.5 %
and 10.9 %, respectively, compared with the RCS process. Then, we also
found that the RCS-HI process offers considerable CO; emissions
reduction by 58.1 % compared with the RCS process, as in Fig. 16. In
summary, the RCS-HI process has significant advantages over the RCS
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Fig. 15. Process flow diagram of optimized reaction-crude separation process with heat integration.
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process for acetic acid hydrogenation to ethanol.
5. Conclusions

To address a high-efficiency, energy-saving, low-carbon reaction of
acetic acid hydrogenation to ethanol, we explore the reaction-crude
separation process with heat integration, which shows significant eco-
nomic and CO; emissions advantages. A coupled design approach that
combines kinetics with transfers is proposed to design and optimize the
multi-tubular fixed-bed reactor. Rigorous design and global optimiza-
tion of structural and operating parameters make reaction performance
optimum and reasonable by the proposed approach. Thereafter, we
explore a crude separation process including absorption and desorption
to recover all ethanol based on the NRTL-HOC model with regressed
binary interaction parameters, NMP is selected as the most suitable
absorbent. The optimized crude separation process shows that ethanol
can be recovered with 98 %. Furthermore, we compare the optimized

International Journal of Hydrogen Energy 130 (2025) 462479

reaction-crude separation process to the process with heat integration
from heuristics. The results revealed that the heat-integrated process has
significant economic and low-carbon advantages with reductions of 36.5
% in OC, 10.9 % in TAC, and 58.1 % in CO5 emissions. This work could
provide a feasible and promising reactor and crude separation process
for acetic acid hydrogenation to ethanol, which features economic, high-
efficient, energy-saving, and low-carbon. Further study should consider
that catalyst particle size has an impact on efficiency of particles and
investigate purification and separation for ethanol, which can be quite
beneficial to the application of the research results.
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Nomenclature
Item Item
EtOH ethanol Uy superficial gas velocity
AcOH acetic acid €p bed voidage
NMP n-methyl-2-pyrrolidone ds catalyst particle size
STY space-time yield Rem corrected Reynolds number
Meat catalyst loading 1 gas viscosity
AP pressure drop d; inner diameter of the tube
EG ethylene glycol Ts temperature of saturated water
Gly glycerol Py pressure of the process stream
EtOAc ethyl acetate M; mole ratio of hydrogen to acetic acid
LHHW Langmuir-Hinshelwood-Hougen-Watson Tp temperature of the process stream
WHSV weight hourly space velocity Fa absorbent flow rate
Hy hydrogen Ta temperature of absorbent
VLE vapor-liquid equilibrium Tg temperature of the gas
Vp volume of the bed Na number of trays in the absorber
Vi volume of the reactor Py pressure of the desorber
L bed height My mole reflux ratio of the desorber
N¢ number of tubes Fq feed position of the desorber
0) overall heat-transfer coefficient Ng number of trays in the desorber
op convective heat-transfer coefficient from the bed to the tube wall Tp bubble point
of convective heat-transfer coefficient of saturated water outside the tube to the tube wall Py saturated vapor pressure
As thermal conductivity of the tube wall TAC total annual cost
8 tube wall thickness ocC operating cost
Rc fouling coefficient of the bed and outside of the tube CI capital investment
f coefficient of frictional resistance RCS reaction-crude separation
P density of the gas RCS-HI reaction-crude separation with heat-integration
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Supplementary data to this article can be found online at https://doi.org/10.1016/j.ijhydene.2025.04.209.
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