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A B S T R A C T

In extractive distillation for the separation of azeotropic mixtures, eco-friendly solvents have demonstrated 
potential as greener alternatives to conventional entrainers. However, the absence of thermodynamic data for 
mixtures that include green solvents presents a significant hurdle to their practical application. This work ex
plores, for the first time, vapor-liquid equilibrium (VLE) data for the azeotropic mixture of n-hexane and ethanol 
in the presence of the biobased entrainers guaiacol and dimethyl isosorbide (DMI). The VLE measurements were 
conducted using a Fischer Labodest VLE 502 ebulliometer with varying pressures and entrainer-to-feed ratios (E/ 
Fs). The VLE data met the criteria of the Van Ness method and thereby pass the thermodynamic consistency test. 
The results confirm that the relative volatility of n-hexane to ethanol is increased by the addition of guaiacol and 
DMI to the mixture. Moreover, the azeotrope has been successfully removed. The VLE data were well regressed 
using the Non-Random Two Liquid (NRTL) thermodynamic model, which provided accurate binary interaction 
parameters (BIPs). The thermodynamic modeling verifies the reliability of the experimental data and its rele
vance for effective process design, emphasizing the viability of guaiacol and DMI as biobased entrainers for more 
sustainable and greener extractive distillation.

1. Introduction

Separation technologies play a central role in the process industry 
but encompass the most energy consuming and cost-intensive opera
tions, contributing to more than half of the total energy usage and 
associated cost [1–3]. Moreover, separation processes, including distil
lation, account for an estimated 10–15 % of the total energy consumed 
worldwide [4]. A significant problem in these operations emerges in 
case an azeotrope is present in the mixture to be separated. The azeo
tropic point shares equal composition between vapor and liquid phases 
at particular temperature and pressure conditions due to non-ideal 
molecular interactions, which significantly complicates their separa
tion. A notable example of such mixtures is n-hexane and ethanol, which 
is relevant across multiple sectors. This binary system commonly arises 
in petrochemical processes [5]. Ethanol, as one of the low-carbon al
cohols, is generated from syngas derived from natural gas or coal. This 
direct syngas-to-ethanol pathway inherently produces C2+

hydrocarbons, including n-hexane [6,7]. Likewise, Fischer-Tropsch 
synthesis yields oxygenated compounds, including ethanol, together 
with hydrocarbons, such as n-hexane [8]. Since both n-hexane and 
ethanol are extensively used as solvents across a broad range of appli
cations, achieving their effective separation is essential to obtain high 
purity of each component, considering the azeotrope inherent in the 
mixture [9].

In separation processes, distillation remains the predominant 
method due to its adaptability to various feed compositions and flow 
rates, effectiveness for complex mixture separation at industrial scale, 
and efficient operation and control, which deliver high-purity products 
across a diverse range of industrial applications. Furthermore, nearly 
every commercial product involving chemicals has been processed using 
distillation [10–12]. Currently, more than 100,000 distillation columns 
are operating globally, constituting a major share of both capital in
vestment and operational expenditures [13,14].

Special distillation methods are needed to separate the azeotropic 
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mixture since conventional distillation is unable to perform this sepa
ration. To address these limitations, more advanced approaches like 
extractive distillation are employed. In comparison with other separa
tions methods, extractive distillation proves to be more efficient and 
reliable for use in various industries [15,16]. This method introduces a 
third separation agent, called an entrainer. The entrainer interacts with 
one of the components and therefore increases the relative volatility of 
the target component, allowing the separation to surpass azeotropic 
boundaries. In addition to enabling effective separation, extractive 
distillation offers environmental and economic advantages by reducing 
energy and water consumption, lowering cost, and decreasing CO2 
emissions.

Despite its promising potential for separating azeotropic mixtures, 
the frequent use of conventional entrainers like 1-methylpyrrolidin-2- 
one (NMP) hinders implementation of greener and more sustainable 
extractive distillation processes. NMP remains attractive due to its good 
polarity profile, high boiling point and thermal stability [17]. However, 
increasing concern over its health and ecological impacts has led 
chemical regulatory institutions, such as EPA from the U.S. and REACH 
from the E.U., to increasingly enforce limitations on these compounds 
[18,19]. As a result, there is an increasing need for greener entrainers 
that not only exhibit effective separation performance but also align 
with environmental and safety concerns.

Although interest in green solvents is rapidly growing, some of the 
promising biobased solvents, such as guaiacol and DMI, are overlooked 
as entrainers in extractive distillation. Moreover, there are no experi
mental VLE data and BIPs for n-hexane and ethanol with these solvents, 
which poses challenges for developing the process design. Thus, this 
research aims to fill that knowledge gap by providing the first VLE data 
for the n-hexane and ethanol mixture containing guaiacol and DMI.

In recent years, various green solvents have been examined as viable 
entrainers in extractive distillation for separating the close-boiling and 
azeotropic mixtures. Among them are biological buffers [20,21], bio
based solvents [13,22–26], deep eutectic solvents and natural deep 
eutectic solvents (DESs and NADESs) [27–30], and ionic liquids (ILs) 
[31–34]. Recent studies on n-hexane and ethanol separation have 
identified various entrainers. Zhang et al. [35] reported the VLE data for 
the binary mixture of n-hexane and butyl propanoate and n-hexane +
butyl butanoate. Additionally, Gonzalez and Ortega [36] studied the 
VLE data for the binary mixtures of ethanol + butyl propanoate and 
ethanol + butyl butanoate. However, these studies were limited to 
reporting only binary VLE data, and there is currently no experimental 
data available for the pseudo-ternary mixture involving n-hexane and 
ethanol in the presence of the entrainers butyl propanoate and butyl 
butanoate. Imidazolium-based ILs have been investigated as entrainers 
to separate n-hexane and ethanol. These ILs successfully eliminate the 
azeotropic point [37]. Sander et al. [38] investigated various DESs to 
overcome the azeotropic point in this mixture through extractive 
distillation experiments using a simple round-bottom flask. They 
discovered that menthol-decanoic acid and menthol-decanoic acid DESs 
are fully miscible. With the addition of a 0.05 mass fraction of these 
entrainers, the maximum n-hexane mass purity achieved was 0.87. 
However, other DESs, including choline chloride with glycerol, malic 
acid, citric acid, glycolic acid, and ethylene glycol, as well as lactic acid 
with glycerol, K2CO3 with glycerol and ethylene glycol, and tetrame
thylammonium chloride with glycolic acid, exhibited miscibility issues. 
In another report, glycerol-based DES is ineffective at separating the 
azeotrope in the n-hexane and ethanol mixture. Even with the addition 
of 30 % mass DES, the azeotrope remains in the mixture [39]. Although 
some ionic liquids and deep eutectic solvents exhibit promising 
entrainer performance in other azeotropic systems, their application to 
the n-hexane + ethanol mixture is often limited by high viscosity, 
complex synthesis routes, and miscibility constraints at high entrainer 
loadings. For example, several glycerol-based DESs cannot eliminate the 
n-hexane + ethanol azeotrope even at 30 mass % entrainer, and many 
show phase separation or composition-dependent immiscibility. Recent 

reports on DES-based entrainers for other azeotropes further emphasize 
that careful composition and temperature control is required to avoid 
phase separation and mass-transfer limitations, which complicate 
scale-up [29,38,39]. Furthermore, Wang et al. [40] reported the effect of 
several conventional solvents, including ethylene glycol, dimethyl 
sulfoxide, dimethylacetamide, 1,3-propanediol, dimethylformamide, 1, 
2-propanediol, and NMP, on the separation of n-hexane and ethanol. 
This study is more focused on the evaluation of the extractive 
pressure-swing distillation process, and therefore complete experi
mental VLE data were not provided. The results indicate that all the 
solvents effectively break the azeotropic point in the n-hexane and 
ethanol mixture.

In contrast to NMP, which is classified as reprotoxic, guaiacol and 
DMI are not classified as reprotoxic, and exhibit substantially higher 
NOAEL (No Observed Adverse Effect Level) for DMI reflecting their 
lower developmental toxicity and better regulatory profile. NOAEL is 
the highest dose of exposure at which no adverse developmental effects 
are observed. A higher NOAEL value therefore indicates lower toxicity 
and, consequently, better chemical safety and greenness. Both are 
biodegradable and derived from renewable feedstocks, whereas NMP is 
petrochemical-based. These features provide a clear health and sus
tainability advantage, even if the thermodynamic separation perfor
mance is somewhat lower. Guaiacol is a non-reprotoxic chemical. 
Although no specific data on its developmental toxicity is available, its 
widespread use in the food, beverage, and pharmaceutical industries 
suggests that guaiacol presents a low reprotoxicity. DMI is also classified 
as low in reprotoxicity, with a NOAEL for developmental toxicity of 300 
mg/kg body weight/day. Moreover, DMI has been recognized as one of 
the top ten biobased platform chemicals [41–46]. On the contrary, NMP 
is a reprotoxic solvent with the NOAEL of 160 mg/kg body weight/day 
[47]. This makes NMP unsuitable for industrial applications. Addition
ally, guaiacol (Tb=478.20 K) and DMI (Tb=513.15 K) were selected as 
they exhibit significantly higher boiling points than other biobased 
solvents, such as furfural (Tb=435.15 K), and provide better miscibility 
in hydrocarbons compared to glycerol derivatives.

Compared to NMP, these solvents have higher boiling points and 
comparable polarity, as indicated by Hansen Solubility Parameters 
(HSPs) [41,48–51]. Detailed information regarding their boiling point 
and HSPs is provided in Table S1 of the Supplementary Files. These 
properties make both entrainers advantageous for use in extractive 
distillation.

Given their promising solvent characteristics, guaiacol and DMI were 
selected for the VLE experimental in this study to assess their effec
tiveness in breaking the n-hexane – ethanol azeotrope. To ensure the 
reliability of the VLE data, thermodynamic consistency was verified 
using the Van Ness test [52]. Following this, data regression was per
formed to obtain the optimum BIPs using the NRTL model [53]. These 
results provide a robust thermodynamic foundation for the design and 
optimization of more eco-efficient extractive distillation involving 
guaiacol and DMI as green entrainers.

2. Experiments and methods

The subsequent sections provide the details of the chemical specifi
cations, experimental apparatus, and methodology, along with the 
analytical techniques applied in this study.

2.1. Materials

All chemicals used in this study were obtained from commercial 
sources, and their purity was determined using gas chromatography 
(GC). The water content of hygroscopic compounds was measured using 
Karl Fischer (KF) titration (Metrohm-787 KF Titrino 703 TiStand, 
Switzerland). Due to the absence of substantial impurities, the chemicals 
were used as received without further purification. A detailed specifi
cation of these chemicals is summarized in Table 1.
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2.2. Experimental details and procedures

The measurements of the VLE data for the investigated mixtures 
were performed using an ebulliometer (Fischer Labodest model VLE602, 
Germany). The temperature and pressure uncertainties of the setup, as 
reported by the company, are ±0.01 K and ±0.01 kPa. The schematic of 
the setup was illustrated by Dias et al. [54]. Freshly prepared mixtures 
and entrainers were precisely weighed using an analytical balance 
(Mettler Toledo AE200, USA). The uncertainty of this equipment is 
±0.0001 g. Each mixture, with a volume of 100 mL, was charged into 
the ebulliometer for each experimental run to assure stable vapor and 
liquid phase circulation. For the vacuum experiments, a vacuum pump 
(Pfeiffer DUO 3, Germany) was employed. The vacuum conditions were 
regulated in a closed system using a pressure controller (Burkert 2871, 
Germany). Both the vacuum pump and a pressure controller were con
nected to the i-Fischer Unicontrol VLE digital interface, allowing for an 
accurate digital setting of the desired pressure. Throughout the experi
mental run, the pressure was consistently maintained.

The system was considered to have reached equilibrium once the 
temperature as well as the pressure remained steady within ±0.4 K and 
±0.1 kPa. After 30 min, the temperature became constant, and another 
30 min was applied to guarantee the equilibrium prior to sampling. This 
resulted in an overall experimental duration of 60 min. Consistent 
heating and temperature homogeneity in the system were ensured by 
employing a heating rod submerged in the liquid chamber, along with a 
heating mantle wrapped around the vapor chamber. To mitigate heat 
loss, the setup was enclosed with thermal insulation. Throughout the 
experiment, a magnetic stirrer operated continuously to maintain uni
form mixing of the mixture. Furthermore, the condensed vapor was 
recirculated back to the liquid chamber as reflux, promoting proper 
circulation and temperature uniformity in the setup. These procedures 
ensured temperature stability and uniformity throughout the 
experiment.

Under equilibrium conditions, approximately 0.1 mL each of liquid 
and vapor condensate were sampled. Liquid samples were taken through 
a valve, while vapor samples were collected using a syringe. Every 
sample was quickly diluted in 1 mL of high-purity acetone before 
composition analysis by GC. The adopted experimental procedure is 
consistent with methods used in previous literature [13,22,23,55].

2.3. Analytical procedures

The analysis of the liquid and vapor phase compositions was con
ducted using a GC (Thermo Scientific Trace 1300 Series, Switzerland), 
configured with two parallel ovens and an automated TriPlus 100 liquid 
sampling unit. To facilitate compound separation, a capillary column of 
the Agilent DB-1MS (length: 60 m, diameter: 0.25 mm, film thickness: 
0.25 µm) was used. Injections were performed in Split/Splitless (SSL) 
mode, with a sample injection volume of 1 µL.

The oven temperature profile was programmed in multiple ramping 
stages. It commenced at 30 ◦C and increased sequentially at 10 ◦C/min 
to reach 45 ◦C, then 5 ◦C/min to 60 ◦C, followed by an increase of 2.5 ◦C/ 
min to 80 ◦C. Subsequently, the temperature increased at 5 ◦C/min to 95 
◦C, concluding with a rapid increase ramp of 50 ◦C/min up to 320 ◦C. 
This process was completed in 21 min. The detection of the compound 
was carried out using a Flame Ionization Detector (FID) operated at 440 
◦C. Helium served as the carrier gas, operating at 213.2 kPa, with a 2 
mL/min column flow rate. A split injection was performed at 300 mL/ 
min with a split ratio of 150, supplemented by hydrogen at a flow rate of 
50 mL/min, air at flow rate 350 mL/min, and helium at a flow rate of 40 
mL/min.

Standard mixtures with precisely known compositions were utilized 
to perform calibration prior to sample analysis. GC area fractions were 
plotted against the corresponding mole fractions of the standards to 
establish a regression equation. This equation was then used to calculate 
the mole fractions of the components in the samples based on their 
measured area responses. Analytical precision was maintained by con
ducting three replicate analyses per sample. This approach ensured 
analytical accuracy and reduced the potential impact of the methodo
logical errors in the analysis. The final compositions are expressed as the 
mean value from these analyses. The standard uncertainties for pressure, 
temperature, and phase compositions were quantified following the 
methodologies outlined in the guidelines from NIST and JCGM [56,57], 
with equations provided in the Supplementary Files (Eqs. S1-S3). These 
uncertainty values are included with the VLE data presented in Section 
3.1.

3. Results and discussion

3.1. Experimental results

Our previous studies have verified the reliability of both the setup 
and methods applied in this work [13,58]. The present study assessed 
the introduction of biobased entrainers guaiacol and DMI to the n-hex
ane and ethanol mixtures. The experimental VLE data for 
pseudo-ternary mixtures of n-hexane and ethanol involving guaiacol and 
DMI were measured. Each pseudo-ternary mixture was investigated at 
an E/F of 1 under the pressures of 50.0 kPa and 100.0 kPa and at an E/F 
of 3 at a pressure of 50.0 kPa. The E/F represents the amount of the 
entrainer introduced to the azeotropic mixture, which is defined as the 
mass of the entrainer divided by the mass of the azeotropic mixture. In 
all composition ranges of n-hexane examined under specified E/Fs and 
pressures, the presence of guaiacol and DMI in the n-hexane and ethanol 
mixture exhibit homogeneous mixtures, indicating that VLE measure
ments were feasible. Moreover, given that the laboratory pressure varied 
between 100 and 101.3 kPa, the experiments were conducted at 100.0 
kPa in a closed vacuum system because it provided a more accurate 
pressure regulation in the setup.

Table 1 
The detailed specification of the chemicals.

chemicals CAS-No MW (g/ 
mol)

Tboiling 

(K)a,b
density (g/ 
cm3)a,c

sources purity (in a mass 
fraction)a

Water content 
(%)d

purity 
analysis

additional 
purification

n-hexane 110–54–3 86.18 342.15 0.660 Merck ≥0.990 - GCe none
ethanol 64–17–5 46.07 351.44 0.790 Merck ≥0.999 0.04 GCe none
guaiacol 90–05–1 124.14 478.20 1.129 Acros 

Organics
≥0.990 0.07 GCe none

dimethyl 
isosorbide

5306–85–4 174.20 513.15 1.167 Sigma- 
Aldrich

≥0.990 0.09 GCe none

acetone 67–64–1 58.08 329.15 0.791 Merck ≥0.998 0.05 GCe none

a specified by the suppliers;.
b pressure:101.3 kPa;.
c temperature: 298.15 and pressure: 101.3 kPa;.
d KF (Karl Fischer titration);.
e GC (gas chromatography).
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The experimental VLE data for the pseudo-ternary mixture of n- 
hexane and toluene with guaiacol are provided in Table 2, while the data 
for the mixture with DMI are shown in Table 4. In these tables, x1' and y1' 
represent the entrainer-free mole fraction of liquid and vapor phases for 
n-hexane. The x1, x2, and x3 denote the mole fractions of the liquid phase 
for n-hexane, ethanol, and entrainer, respectively, while y1, y2, and y3 
represent the mole fractions of the vapor phase for n-hexane, ethanol, 
and entrainer, respectively. The T, γ1, γ2, and α12 express the equilibrium 
temperature, the activity coefficient of n-hexane, the activity coefficient 
of ethanol, and the relative volatility of n-hexane to toluene, respec
tively. Since the absence of detectable entrainer in the vapor phase, y3 is 
considered to be below 0.0005. Consequently, y1' is regarded as equiv
alent to y1. This threshold corresponds to the value that does not alter 
the activity coefficient or relative volatilities within the experimental 
uncertainty. To ensure consistency in reporting, the y3 values are pre
sented as 0.000 in Tables 2 and 4.

Eq. (1) defines the activity coefficient (γi), which was utilized to 
evaluate the non-ideal behavior of component i in the liquid phase of the 
pseudo-ternary mixtures. The vapor phase was treated as ideal, which is 

justified by the vacuum and atmospheric operating pressures under 
which the VLE experiments were conducted. 

γi =
yiP

xiPsat
i

(1) 

In this equation, xi and yi correspond to the mole fractions of 
component i in the liquid and vapor phase, respectively. P and Psat

i refer 
to the total pressure in the system and the saturated vapor pressure of 
component i, respectively. The saturated vapor pressure was determined 
using equations and parameters from the extended Antoine and the NIST 
Wagner 25, which are taken from the Aspen Plus physical properties 
database. For n-hexane, ethanol, and guaiacol, the extended Antoine 
equation was employed. For DMI, the NIST Wagner 25 equation was 
applied since no data was available for the extended Antoine equation. 
The equations and their parameters are provided in Table 3.

Separation performance of the entrainer was examined using the 
relative volatility equation, as shown in Eq. (2). 

Table 2 
Experimental VLE data for pseudo-ternary mixture of n-hexane (1) + ethanol (2) + guaiacol (3)a,b,c.

T/K x1' x1 x2 x3 y1' y1 y2 y3 γ1 γ2 α12

E/F = 1; 100.0 kPa ​ ​ ​ ​ ​ ​ ​ ​ ​
358.65 0.000 0.000 0.729 0.271 0.000 0.000 1.000 0.000 ​ 1.026 ​
353.05 0.028 0.020 0.704 0.276 0.176 0.176 0.824 0.000 6.150 1.084 7.47
345.55 0.107 0.076 0.635 0.289 0.451 0.451 0.549 0.000 5.220 1.082 6.85
342.05 0.133 0.094 0.614 0.292 0.556 0.556 0.444 0.000 5.820 1.048 8.19
339.85 0.197 0.137 0.560 0.303 0.636 0.636 0.364 0.000 4.886 1.031 7.15
338.85 0.236 0.163 0.528 0.309 0.681 0.681 0.319 0.000 4.537 1.003 6.91
338.25 0.277 0.190 0.495 0.315 0.700 0.700 0.300 0.000 4.087 1.029 6.11
337.85 0.372 0.250 0.420 0.330 0.709 0.709 0.291 0.000 3.174 1.200 4.10
337.65 0.437 0.290 0.371 0.339 0.736 0.736 0.264 0.000 2.866 1.242 3.58
337.65 0.586 0.376 0.265 0.359 0.753 0.753 0.247 0.000 2.260 1.629 2.15
337.55 0.640 0.406 0.228 0.366 0.776 0.776 0.224 0.000 2.166 1.720 1.95
337.95 0.689 0.432 0.195 0.373 0.807 0.807 0.193 0.000 2.086 1.706 1.88
340.55 0.840 0.512 0.097 0.391 0.893 0.893 0.107 0.000 1.796 1.698 1.60
344.85 0.916 0.549 0.051 0.400 0.948 0.948 0.052 0.000 1.555 1.312 1.69
348.25 1.000 0.590 0.000 0.410 1.000 1.000 0.000 0.000 1.377 ​ ​
E/F = 1; 50.0 kPa ​ ​ ​ ​ ​ ​ ​ ​ ​
341.05 0.000 0.000 0.729 0.271 0.000 0.000 1.000 0.000 ​ 1.035 ​
334.35 0.027 0.019 0.705 0.276 0.238 0.238 0.762 0.000 7.706 1.089 11.40
325.05 0.113 0.080 0.630 0.290 0.560 0.560 0.440 0.000 6.015 1.078 10.00
322.15 0.140 0.099 0.607 0.294 0.654 0.654 0.346 0.000 6.329 1.009 11.65
320.05 0.214 0.148 0.546 0.306 0.722 0.722 0.278 0.000 5.017 0.998 9.58
318.75 0.270 0.185 0.500 0.315 0.749 0.749 0.251 0.000 4.370 1.049 8.07
318.25 0.342 0.231 0.444 0.325 0.770 0.770 0.230 0.000 3.675 1.110 6.45
318.25 0.421 0.279 0.384 0.337 0.795 0.795 0.205 0.000 3.134 1.146 5.33
318.15 0.424 0.281 0.382 0.337 0.791 0.791 0.209 0.000 3.108 1.180 5.14
318.15 0.442 0.292 0.369 0.339 0.803 0.803 0.197 0.000 3.041 1.154 5.14
318.55 0.588 0.377 0.264 0.359 0.833 0.833 0.167 0.000 2.408 1.340 3.49
318.95 0.618 0.394 0.243 0.363 0.849 0.849 0.151 0.000 2.314 1.288 3.47
320.05 0.740 0.459 0.162 0.379 0.899 0.899 0.101 0.000 2.016 1.233 3.12
320.85 0.806 0.494 0.119 0.387 0.910 0.910 0.090 0.000 1.843 1.430 2.43
322.55 0.901 0.542 0.060 0.398 0.952 0.952 0.048 0.000 1.654 1.402 2.18
325.35 1.000 0.590 0.000 0.410 1.000 1.000 0.000 0.000 1.444 ​ ​
E/F = 3; 50.0 kPa ​ ​ ​ ​ ​ ​ ​ ​ ​
349.55 0.000 0.000 0.473 0.527 0.000 0.000 1.000 0.000 ​ 1.125 ​
341.55 0.108 0.049 0.402 0.549 0.250 0.250 0.750 0.000 2.559 1.378 2.75
335.65 0.170 0.074 0.365 0.561 0.510 0.510 0.490 0.000 4.121 1.280 5.10
329.95 0.314 0.130 0.284 0.586 0.709 0.709 0.291 0.000 3.979 1.258 5.32
326.45 0.394 0.158 0.243 0.599 0.780 0.780 0.220 0.000 4.046 1.311 5.45
324.45 0.588 0.219 0.153 0.628 0.836 0.836 0.164 0.000 3.355 1.697 3.57
324.25 0.630 0.231 0.136 0.633 0.859 0.859 0.141 0.000 3.290 1.666 3.58
323.95 0.793 0.275 0.072 0.653 0.904 0.904 0.096 0.000 2.943 2.171 2.46
324.35 0.837 0.286 0.056 0.658 0.926 0.926 0.074 0.000 2.857 2.122 2.43
325.45 0.940 0.311 0.020 0.669 0.968 0.968 0.032 0.000 2.646 2.433 1.92
326.95 1.000 0.324 0.000 0.676 1.000 1.000 0.000 0.000 2.485 ​ ​

a equilibrium temperature (T); mole fraction of liquid phase for n-hexane (guaiacol-free basis) (x1'); mole fraction of vapor phase for n-hexane (guaiacol-free basis) 
(y1'); mole fractions of liquid phase for n-hexane, ethanol, and guaiacol (x1, x2, and x3); mole fractions of liquid phase for n-hexane, ethanol, and guaiacol (y1, y2, and 
y3); activity coefficient of n-hexane and ethanol (γ1 and γ2); and relative volatility of n-hexane to ethanol (α12).

b Expanded combined uncertainties (U) with k = 2 for U(T) is 0.20 K, U(P) is 0.2 kPa, and U(x1) and U(y1) are 0.006.
c y3 are lower than 0.0005.
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α12 =
y1/x1

ʹ

y2/x2ʹ (2) 

In this equation, the relative volatility of n-hexane to ethanol is 
represented by α12, mole fractions of liquid phase for n-hexane and 
ethanol on an entrainer-free basis are denoted as x1' and x2', and mole 
fractions of vapor phase for n-hexane and ethanol are defined as y1 and 

y2. The VLE data in Tables 2 and 4 highlight important trends, including 
altered equilibrium temperatures, enhanced relative volatilities, and the 
removal of azeotropic constraints when entrainers are added to the 
mixture. These effects are visually depicted in Figs. 1–4.

Figs. 1 and 2 illustrate that the presence of guaiacol in the n-hexane 
and ethanol mixture exhibits a comparable effect to that of DMI. Both 
entrainers increase the equilibrium temperature when added at an E/F 

Table 3 
The equation and parameters of the extended Antoine and the NIST Wagner 25a.

Compounds The extended Antoine b

A1 A2 A3 A4 A5 106A6 A7 A8 A9

n-hexane 97.742 − 6995.5 0 0 − 12.702 12.381 2 177.83 507.6
ethanol 66.396 − 7122.3 0 0 − 7.142 2.885 2 159.05 514.0
guaiacol 244.642 − 17,453.0 0 0 − 33.723 19.843 2 31.5 423.9

The NIST Wagner25c

A1 A2 A3 A4 ln Pci Tci Tlower Tupper

dimethyl isosorbide − 8.552 2.397 − 4.204 − 3.911 8.041 688 220 688 ​

a Parameters of the extended Antoine and the NIST Wagner25 were retrieved from the Aspen Plus physical property databank.
b Equation (the extended Antoine): .ln(Psat) = A1 + A2/(T + A3)+ A4T + A5lnT + A6TA7 for A8 < T < A9, where Psat is in kPa and T in K.

c Equation (the NIST Wagner25): .
ln (Ps) = ln Pci +

A1(1 − Tri) + A2(1 − Tri)
1.5

+ A3(1 − Tri)
2.5

+ A4(1 − Tri)
5

Tri
forTlower ≤ T ≤ Tupper ,

wherePsisinkPa,T in K, andTri = T/Tci

.

Table 4 
Experimental VLE data for pseudo-ternary mixture of n-hexane (1) + ethanol (2) + dimethyl isosorbide (3) a,b,c.

T/K x1' x1 x2 x3 y1' y1 y2 y3 γ1 γ2 α12

E/F = 1; 100.0 kPa ​ ​ ​ ​ ​ ​ ​ ​ ​
357.05 0.000 0.000 0.791 0.209 0.000 0.000 1.000 0.000 ​ 1.006 ​
350.85 0.051 0.040 0.744 0.216 0.195 0.195 0.805 0.000 3.668 1.095 4.51
346.25 0.109 0.084 0.691 0.225 0.364 0.364 0.636 0.000 3.726 1.119 4.69
339.85 0.209 0.160 0.602 0.238 0.605 0.605 0.395 0.000 3.989 1.042 5.78
337.95 0.370 0.275 0.466 0.259 0.680 0.680 0.320 0.000 2.766 1.184 3.61
337.05 0.516 0.373 0.350 0.277 0.719 0.719 0.281 0.000 2.216 1.440 2.40
337.15 0.569 0.408 0.309 0.283 0.733 0.733 0.267 0.000 2.062 1.541 2.08
337.35 0.701 0.492 0.210 0.298 0.775 0.775 0.225 0.000 1.797 1.894 1.47
339.45 0.835 0.573 0.114 0.313 0.835 0.835 0.165 0.000 1.553 2.344 1.00
341.15 0.878 0.598 0.084 0.318 0.868 0.868 0.132 0.000 1.467 2.347 0.91
344.45 0.967 0.650 0.022 0.328 0.963 0.963 0.037 0.000 1.350 2.186 0.89
347.25 1.000 0.669 0.000 0.331 1.000 1.000 0.000 0.000 1.252 ​ ​
E/F = 1; 50.0 kPa ​ ​ ​ ​ ​ ​ ​ ​ ​
339.25 0.000 0.000 0.791 0.209 0.000 0.000 1.000 0.000 ​ 1.030 ​
332.25 0.064 0.050 0.732 0.218 0.253 0.253 0.747 0.000 3.394 1.131 4.94
326.15 0.120 0.093 0.681 0.226 0.478 0.478 0.522 0.000 4.276 1.123 6.69
319.95 0.237 0.180 0.579 0.241 0.683 0.683 0.317 0.000 3.938 1.080 6.94
318.45 0.366 0.270 0.471 0.259 0.727 0.727 0.273 0.000 2.940 1.231 4.62
317.65 0.516 0.373 0.350 0.277 0.770 0.770 0.230 0.000 2.328 1.449 3.15
317.75 0.615 0.438 0.273 0.289 0.780 0.780 0.220 0.000 1.999 1.770 2.22
318.05 0.690 0.484 0.218 0.298 0.812 0.812 0.188 0.000 1.860 1.864 1.95
319.25 0.839 0.575 0.111 0.314 0.860 0.860 0.140 0.000 1.587 2.581 1.18
320.25 0.881 0.600 0.082 0.318 0.879 0.879 0.121 0.000 1.500 2.862 0.99
322.65 0.962 0.648 0.025 0.327 0.961 0.961 0.039 0.000 1.392 2.672 0.99
324.85 1.000 0.669 0.000 0.331 1.000 1.000 0.000 0.000 1.297 ​ ​
E/F = 3; 50.0 kPa ​ ​ ​ ​ ​ ​ ​ ​ ​
346.05 0.000 0.000 0.558 0.442 0.000 0.000 1.000 0.000 ​ 1.099 ​
341.85 0.046 0.025 0.523 0.452 0.099 0.099 0.901 0.000 1.953 1.257 2.30
336.75 0.116 0.062 0.472 0.466 0.252 0.252 0.748 0.000 2.360 1.439 2.56
329.85 0.243 0.124 0.386 0.490 0.587 0.587 0.413 0.000 3.458 1.322 4.43
325.85 0.358 0.176 0.314 0.510 0.717 0.717 0.283 0.000 3.417 1.340 4.53
323.45 0.561 0.257 0.201 0.542 0.802 0.802 0.198 0.000 2.844 1.636 3.17
323.45 0.645 0.288 0.159 0.553 0.844 0.844 0.156 0.000 2.671 1.641 2.97
323.45 0.694 0.305 0.134 0.561 0.867 0.867 0.133 0.000 2.590 1.641 2.88
324.45 0.861 0.360 0.059 0.581 0.925 0.925 0.075 0.000 2.261 2.025 1.99
324.85 0.914 0.377 0.035 0.588 0.958 0.958 0.042 0.000 2.204 1.862 2.14
327.35 1.000 0.403 0.000 0.597 1.000 1.000 0.000 0.000 1.975 ​ ​

a equilibrium temperature (T); mole fraction of liquid phase for n-hexane (DMI-free basis) (x1'); mole fraction of vapor phase for n-hexane (DMI-free basis) (y1'); mole 
fractions of liquid phase for n-hexane, ethanol, and DMI (x1, x2, and x3); mole fractions of liquid phase for n-hexane, ethanol, and DMI (y1, y2, and y3); activity co
efficient of n-hexane and ethanol (γ1 and γ2); and relative volatility of n-hexane to ethanol (α12).

b Expanded combined uncertainties (U) with k = 2 for U(T) is 0.20 K, U(P) is 0.2 kPa, and U(x1) and U(y1) are 0.006.
c y3 are lower than 0.0005.
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of 1 and at a pressure of 100.0 kPa, compared to the binary mixture 
without an entrainer. Guaiacol and DMI demonstrate an affinity for 

ethanol, which reduces the vaporization of ethanol. Moreover, the 
addition of a high boiling point entrainer in the mixture, with an E/F of 1 
(or 50 % mass of the total liquid composition), significantly affects the 
boiling point of the mixture. As a result, these two factors contribute to 
an increase in the equilibrium temperature. The effects of reduced 
pressure were also investigated. Lowering the pressure from 100.0 to 
50.0 kPa while maintaining a constant E/F of 1 lead to a significant 
decrease in the equilibrium temperature. This is because each 

Fig. 1. x1'-y1-T profiles for n-hexane (1) + ethanol (2) + guaiacol (3). Experi
mental data with an E/F of 1: (black ), x1' and (black ), y1 at 100.0 kPa; and 
(blue ), x1' and (blue ), y1 at 50.0 kPa; with an E/F of 3: (green ), x1' and 

(green ), y1 at 50.0 kPa; and binary mixture: (red ), x1 and (red ), y1 at 

101.3 kPa. Correlated results from the NRTL model ( ): with an E/F of 1, 
100.0 kPa (black); and 50.0 kPa (blue); with an E/F of 3, 50.0 kPa (green); and 
( ), binary mixture at 101.3 kPa (red). The binary mixture were taken from 
our previous work [58]. Note: x1 and y1 denote the entrainer-free mole fractions 
of n-hexane in the liquid and vapor phases, respectively, as defined in Tables 2 
and 4.

Fig. 2. x1'-y1-T profiles for n-hexane (1) + ethanol (2) + dimethyl isosorbide 
(3). Experimental data with an E/F of 1: (black ), x1' and (black ), y1 at 
100.0 kPa; and (blue ), x1' and (blue ), y1 at 50.0 kPa; E/F of 3: (green ), 

x1' and (green ), y1 at 50.0 kPa; and binary mixture: (red ), x1 and (red 

), y1 at 101.3 kPa. Correlated results from the NRTL model ( ): with an E/ 

F of 1, 100.0 kPa (black); and 50.0 kPa (blue); with an E/F of 3, 50.0 kPa 
(green); and ( ), binary mixture at 101.3 kPa (red). The binary mixture were 
taken from our previous work [58]. Note: x1 and y1 denote the entrainer-free 
mole fractions of n-hexane in the liquid and vapor phases, respectively, as 
defined in Tables 2 and 4.

Fig. 3. x1'-y1 profiles for n-hexane (1) + ethanol (2) + guaiacol (3). Experi
mental data with an E/F of 1: (black ), at 100.0 kPa; and (blue ), at 50.0 

kPa; E/F of 3: (green ), at 50.0 kPa; and (red ), binary mixture at 101.3 

kPa. Correlated results from the NRTL model with an E/F of 1: ( ), at 100.0 
kPa (black); and ( ), 50.0 kPa (blue); with an E/F of 3: (‥‥), 50.0 kPa 
(green); and ( ), binary mixture at 101.3 kPa (red). The binary mixture were 
taken from our previous work [58].

Fig. 4. x1'-y1 profiles for n-hexane (1) + ethanol (2) + dimethyl isosorbide (3). 
Experimental data with an E/F of 1: (black ), at 100.0 kPa; and (blue ), at 

50.0 kPa; with an E/F of 3: (green ), at 50.0 kPa; and (red ), binary 

mixture at 101.3 kPa. Correlated results from the NRTL model with E/F of 1: 
( ), at 100.0 kPa (black); and ( ), 50.0 kPa (blue); with an E/F of 3: (‥‥), 
50.0 kPa (green); and ( ), binary mixture at 101.3 kPa (red). The binary 
mixture were taken from our previous work [58].
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component has a lower boiling point under reduced pressure, requiring 
less heat to achieve equilibrium.

At the pressure of 50.0 kPa, increasing the amount of guaiacol and 
DMI to an E/F of 3 results in a higher equilibrium temperature compared 
to an E/F of 1. This is attributed to the entrainers becoming the major 
constituents of the liquid phase. Moreover, it reduces the vaporization of 
both n-hexane and ethanol, thereby elevating the equilibrium temper
ature. A minimum temperature is observed at all investigated E/Fs and 
pressures with the addition of guaiacol. However, this does not corre
spond to the presence of an azeotropic point, as the vapor phase 
composition of n-hexane consistently remains higher than its liquid 
phase composition. Similarly, in the presence of DMI, the minimum 
temperature does not indicate an azeotrope either. At an E/F of 3 and a 
pressure of 50.0 kPa, the vapor phase composition of n-hexane always 
exceeds that of the liquid phase. Furthermore, although an azeotrope 
occurs at an E/F of 1 and pressures of 50 and 100 kPa, the composition of 
this azeotrope differs from the composition at which the minimum 
temperature is observed. The occurrence of the minimum temperature 
in this system is predominantly governed by strong positive deviations 
from ideal behavior. These deviations are mainly associated with po
larity differences and hydrogen-bonding effects that induce repulsive 
mixing, increasing activity coefficients. This phenomenon is accompa
nied by a depression of the boiling point, in which the total vapor 
pressure of the mixture surpasses that of pure components because of 
non-ideal interactions. Other contributing phenomena include ternary 
molecular interactions, where the introduction of guaiacol and DMI al
ters the n-hexane and ethanol binary interactions. Additionally, pressure 
dependence, where reduced pressure lowers the boiling points of all 
compounds, while changes in relative volatility accentuate non-ideality. 
Collectively, these phenomena elevate the total vapor pressure at spe
cific compositions, resulting in a minimum boiling temperature, even if 
the azeotrope is significantly shifted or completely removed. This min
imum temperature behavior is consistent with our previous studies of 
the n-hexane and ethanol mixture when 1-butylpyrrolidin-2-one (NBP) 
and NMP were used as entrainers [58]. This finding also aligns with the 
reported azeotropic mixtures from literature, such as those involving 
ethanol and methyl propionate and ethanol and 2-butanone with the 
addition of various ionic liquids as entrainers [15,59,60], as well as 
acetonitrile-water mixture with the presence of dimethyl sulfoxide and 
ethylene glycol [61,62].

In Figs. 1 and 2, the VLE curves are plotted in terms of the entrainer- 
free mole fractions x1' and y1. At high entrainer loadings, the strong non- 
ideal behavior and the re-normalization to an entrainer-free basis can 
lead to pronounced curvature of the x1'-y1 profiles and to sections where 
the projected vapor curve appears below the projected liquid curve in 
the 2D representation. This effect is purely geometric and does not 
indicate a violation of phase-equilibrium conditions, as confirmed by the 
Van Ness consistency test (Table 5) and the random distribution of re
siduals (Figs. S7-S8). Data points that visually overlap at high x1' 
(particularly in Fig. 2) correspond to measurements at very similar 
compositions and temperatures; they were retained to demonstrate 
measurement reproducibility.

The x1'-y1 profiles, shown in Figs. 3 and 4, highlight how the pres
ence of guaiacol and DMI contributes to the elimination of the 

azeotropic point in the n-hexane and ethanol mixture. The initial 
azeotropic composition was x1 = 0.660 [58]. The addition of guaiacol 
and DMI to the mixture modifies its non-ideal thermodynamic behavior 
by affecting the molecular interactions of its components. Since ethanol 
is polar and n-hexane is non-polar, both guaiacol and DMI, which are 
polar components, demonstrate stronger interactions toward polar 
ethanol compared to non-polar n-hexane. This selective affinity weakens 
the ethanol and n-hexane interactions, thereby enhancing the relative 
volatility and removing the azeotropic point, which facilitates a more 
effective separation of n-hexane from ethanol. The pronounced affinity 
between ethanol and both guaiacol and DMI can be attributed to specific 
hydrogen-bonding interactions, wherein the hydroxyl group in ethanol 
acts as a hydrogen bond donor to the phenolic hydroxyl and ether ox
ygen in guaiacol, which serve as hydrogen bond acceptors. Similarly, the 
interactions of ethanol and DMI involve the hydroxyl group of ethanol 
bonding with ether oxygen in DMI. On the other hand, n-hexane, as a 
nonpolar compound, exhibits weaker van der Waals interactions with 
guaiacol and DMI.

With the addition of guaiacol, the VLE data presented in Table 2
shows that the activity coefficient of n-hexane (γ1) is larger than that of 
ethanol (γ2) across all compositions of n-hexane for the investigated E/Fs 
and pressures. This indicates a stronger molecular affinity between 
guaiacol and ethanol than between guaiacol and n-hexane, which en
hances the volatility of n-hexane and effectively removes the azeotropic 
point. Notably, the azeotropic point has already been removed in the 
presence of guaiacol at an E/F of 1 and a pressure of 100.0 kPa. Addi
tionally, this work studied the effect of lowering the pressure from 100.0 
to 50.0 kPa at an E/F of 1 on relative volatility. Table 2 illustrates that 
the values of γ2 at 50.0 kPa are overall smaller than at 100.0 kPa. This 
indicates that at a reduced pressure, the guaiacol and ethanol interaction 
is stronger. This enhanced interaction facilitates the easier separation of 
n-hexane, and therefore the relative volatility at a reduced pressure is 
significantly increased, as shown in Fig. 3.

This study further investigated the effect of the guaiacol amount 
added to the mixture. The addition of guaiacol to the mixture with an E/ 
F of 3 was evaluated. Given that a significant increase in relative vola
tility is observed when the pressure is reduced from 100.0 to 50.0 kPa at 
an E/F of 1, the VLE measurements at an E/F of 3 were conducted at a 
pressure of 50.0 kPa to examine whether a further increase in guaiacol 
amount would amplify the separation of n-hexane from ethanol. As 
shown in Fig. 3, however, when the amount of the guaiacol is increased 
from an E/F of 1 to an E/F of 3 at a pressure of 50.0 kPa, the relative 
volatility remains unchanged. This behavior is attributed to the ten
dency of guaiacol, when presented in higher amounts, to interact not 
only with ethanol but also with itself. Although the interaction between 
guaiacol and ethanol is still present, as indicated by the γ2 values being 
smaller than γ1 across all n-hexane compositions, the self-interaction of 
guaiacol prevents the interaction between guaiacol and ethanol from 
being as effective as at an E/F of 1 and a pressure of 50.0 kPa. Conse
quently, the interaction strength between guaiacol and ethanol at an E/F 
of 3 is diminished compared to at an E/F of 1, under the same pressure of 
50.0 kPa. This reduced interaction reflected by the higher values of γ2 at 
an E/F of 3 compared to that at an E/F of 1 at the same pressure. 
Conversely, the non-ideality of n-hexane increases when a larger amount 
of guaiacol is added to the mixture. This can be explained by the fact that 
n-hexane, a non-polar compound, exhibits an easier tendency to evap
orate when the liquid mixture is dominated by the polar guaiacol 
composition. This is indicated by the higher values of γ1 at an E/F of 3 
compared to an E/F of 1 at the same pressure of 50.0 kPa. At this 
pressure, although the γ1 values increase, increasing the E/F from 1 to 3 
does not lead to an increase in relative volatility, as this is accompanied 
by an increase in γ2.

Unlike with the presence of guaiacol, where γ2 values are consis
tently smaller than γ1 across all investigated E/Fs and pressures 
throughout all n-hexane compositions, the presence of DMI shows a 
distinct behavior. As presented in Table 4, the VLE data with the 

Table 5 
Results of the thermodynamic consistency test.

Mixtures Δya ΔPb Results

n-hexane (1) + ethanol (2) + guaiacol (3) 0.5 0.8 Passed
n-hexane (1) + ethanol (2) + DMI (3) 0.5 0.9 Passed

a Δy =
1
np

×
∑np

i=1
Δyi =

1
np

×
∑np

i=1
100|ycal

i − yexp
i | < 1

b ΔP =
1
np

×
∑np

i=1
ΔPi =

1
np

×
∑np

i=1
100|

Pcal
i − Pexp

i
Pexp

i
| < 1
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addition of DMI demonstrate that γ2 values are smaller than γ1 at the 
entire composition of n-hexane only at an E/F of 3 and a pressure of 50.0 
kPa. This shows stronger molecular interactions between DMI and 
ethanol than between DMI and n-hexane. As a result, the relative vola
tility is significantly enhanced, allowing the azeotrope to be effectively 
removed under these conditions, as illustrated in Fig. 4. However, when 
DMI is added to the mixture at an E/F of 1 and pressures of 50.0 and 
100.0 kPa, the γ2 values, particularly, in the n-hexane-rich region, are 
higher than γ1. This indicates insufficient interactions between DMI and 
ethanol in this region. As a result, although DMI can increase relative 
volatility, it does not completely remove the azeotrope but shifts its 
composition from the original azeotropic point at x1 = 0.660 toward the 
n-hexane-rich region.

Fig. 4 presents that reducing the pressure from 100.0 to 50.0 kPa 
when DMI is added at an E/F of 1 does not significantly increase the 
relative volatility in the n-hexane-rich region, and the azeotrope remains 
present in the mixture. In contrast, when a larger quantity of DMI is 
added at an E/F of 3 and operated at a pressure of 50.0 kPa, the relative 
volatility can be significantly increased, and the azeotropic point is 
effectively eliminated. The different behaviors between guaiacol and 
DMI can be attributed to their polarity properties. DMI exhibits lower 
polarity than guaiacol, as reflected by its lower HSPs values, listed in 
Table S1 of the Supplementary File. This lower polarity characteristic 
reduces the potential of self-interaction between molecules of DMI 
compared to that of guaiacol. Therefore, adding a larger amount of DMI 
at a low pressure still allows for effective interactions between DMI and 
ethanol. Our earlier research applied unimolecular quantum chemical 
calculations through COSMO-RS to investigate the interaction ten
dencies of polar entrainers. It was observed that these entrainers form 
stronger interactions with molecules possessing greater polar charac
teristics [28].

Notably, guaiacol at an E/F of 1 and a pressure of 100.0 kPa is 
already effective at removing the azeotrope, while DMI requires higher 
E/F and lower operating pressure to achieve the same result. This in
dicates that guaiacol demonstrates better separation performance than 
DMI in the separation of n-hexane and ethanol. Additionally, Figs. 3 and 
4 confirm that the azeotropic point is completely eliminated under all 
conditions studied involving guaiacol. For DMI, complete azeotrope 
removal occurs at an E/F of 3 and a pressure of 50 kPa. This is achieved 
despite the minimum temperature present in the mixture, as shown in 
Figs. 1 and 2. The composition dependence of the activity coefficients γ₁ 
and γ₂ is illustrated in Figs. S1-S4, which show γᵢ versus entrainer-free 
mole fraction of n-hexane for all investigated E/F values and pres
sures. These plots highlight the pronounced positive deviations from 
ideality and confirm the stronger non-ideality of n-hexane compared to 
ethanol in the presence of both guaiacol and DMI. The corresponding 
excess Gibbs free energy (Gᴱ/RT) as a function of composition is pre
sented in Figs. S5–S6. The asymmetric Gᴱ curves are consistent with the 
selective interactions between the entrainers and ethanol and provide 
direct insight into the thermodynamic basis for the observed shifts and 
removal of the azeotropic point.

A comparative assessment of guaiacol and DMI as biobased en
trainers and NMP as a benchmark entrainer was conducted to evaluate 
how these entrainers effectively separate n-hexane from ethanol, 
particularly with respect to their ability to enhance the relative vola
tility. Fig. 5 shows that, in the n-hexane-rich region at 50.0 kPa, guaiacol 
at E/F = 1 and DMI at E/F = 3 provide relative volatilities that are 13–17 
% lower than those achieved with NMP at E/F = 1 and 100.0 kPa. This 
lower relative volatility would translate into a higher minimum number 
of theoretical stages and/or higher reflux ratios in an extractive distil
lation column, increasing energy demand compared to a process using 
NMP. However, when these thermodynamic differences are considered 
together with the markedly lower toxicity, biobased origin, and absence 
of strict regulatory constraints for guaiacol and DMI, these entrainers, 
under suitable operating conditions, remain attractive candidates for 
greener process designs. Their performance is comparable to that of 

other green entrainers, such as NBP and selected ionic liquids, while 
avoiding the handling and miscibility challenges encountered with ionic 
liquids and deep eutectic solvents in this particular system.

In extractive distillation, a lower relative volatility at the same 
pressure and entrainer fraction generally increases the minimum num
ber of theoretical stages and the energy demand through higher reflux 
ratios. Thus, the 13–17 % lower relative volatilities observed for 
guaiacol and DMI compared to NMP and NBP suggest that, at otherwise 
identical design assumptions, an extractive distillation column using 
guaiacol or DMI would require more separation effort. A detailed pro
cess simulation and optimization, including column configuration, heat 
integration, and entrainer recovery, is therefore needed to quantify the 
trade-off between increased energy consumption and the benefits 
arising from lower toxicity and improved sustainability of guaiacol and 
DMI. Such an analysis is beyond the scope of the present thermodynamic 
data study but represents an important direction for future work.

A direct comparison with our previous work on NBP and NMP as 
entrainers for n-hexane + ethanol [58] and a selected imidazolium ionic 
liquid [37] and glycerol-based deep eutectic solvents [39] is summa
rized in Fig. 6. At the azeotropic composition and 100.0 kPa, NMP at E/F 
= 1 yields the highest relative volatility among the green entrainers 
considered. At 50.0 kPa and E/F= 1, NBP exhibit the highest relative 
volatility between the green entrainers. Under the same pressure, 
guaiacol at E/F = 1 and DMI at E/F = 3 exhibit relative volatilities that 
are only 13–17 % lower than those of NBP, while still achieving com
plete removal of the azeotrope (guaiacol) or a strong shift with eventual 
removal (DMI at E/F = 3). In contrast, the benchmark solvent NMP at 
100.0 kPa and E/F = 1 provides slightly higher relative volatilities but at 
the expense of significantly higher toxicity and regulatory restrictions. 
Thus, guaiacol and DMI bridge the gap between the high separation 
efficiency of NBP/NMP and the stricter safety requirements of modern 
solvent selection.

As summarized in Fig. 6, guaiacol at E/F = 1 and 50.0 kPa and DMI at 
E/F = 3 and 50.0 kPa provide relative volatilities only slightly lower 
than those of NBP and a selected imidazolium ionic liquid, but markedly 
higher than those reported for glycerol-based deep eutectic solvents in 

Fig. 5. x1'-y1 profiles for the comparison of the biobased entrainers guaiacol 
and DMI with the benchmark entrainer NMP in the n-hexane and ethanol 
mixture: (blue ), guaiacol with an E/F of 1 at 50.0 kPa; (green ), DMI with 
an E/F of 3 at 50.0 kPa; (orange ), NMP with an E/F of 1 at 100.0 kPa; ((red 

), the binary mixture at 101.3 kPa, and regressed by NRTL: ( ), blue line 

for guaiacol; (‥‥), green line for DMI; ( ), orange line for NMP; and ( ), 
red line for the binary mixture. The binary mixture were taken from our pre
vious work [58].
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the n-hexane + ethanol system. In addition, recent studies on DES en
trainers for other azeotropic mixtures confirm that DESs often suffer 
from limited entrainer loading due to viscosity and miscibility con
straints, which restrict the achievable relative volatility. This highlights 
that performance parity with NBP and ionic liquids, combined with 
superior practicality and greenness, is more relevant than achieving the 
highest absolute relative volatility.

Despite guaiacol and DMI exhibit slightly lower relative volatility 
compared to other entrainers, which could increase column stages and 
higher reflux ratios in extractive distillation, they still show practical 
potential as green entrainers in this process as both of them effectively 
increase the relative volatility and eliminate the azeotrope. While rela
tive volatility is an important factor affecting separation efficiency, the 
values observed for guaiacol and DMI remain competitive for industrial 
applications, allowing for effective separation under optimized oper
ating conditions. Importantly, both guaiacol and DMI are biobased en
trainers that offer significant environmental advantages, such as non- 
toxic, biodegradable, and a renewable bio-based origin. In addition, 
guaiacol and DMI exhibit higher boiling points than NMP and do not 
experience the miscibility issues as ILs and DESs, when applied at high 
concentrations. These benefits make them attractive as entrainers in the 
context of sustainable process development. These characteristics 
compensate for their slightly reduced relative volatility compared to the 
benchmark entrainer, especially when considering the growing 
emphasis on greener solvents in regulatory and industrial frameworks. 
The results highlight the promising performance of guaiacol and DMI as 
biobased entrainers, positioning them as viable replacements for con
ventional entrainer NMP toward achieving greener and more sustain
able extractive distillation processes.

While the favorable thermodynamic and separation performance of 
guaiacol and DMI establish them as promising green entrainers, it is 
important to note that these evaluations are primarily based on VLE 
data. Although these data provide an essential thermodynamic foun
dation for the effective design of extractive distillation processes. Their 
translation to real column design involves certain constraints. 

Specifically, these data do not incorporate the mass transfer resistance 
present at the vapor-liquid interfaces under actual operating conditions 
in a real column. Additionally, they assume a uniform entrainer con
centration, which deviates from the reality where entrainer concentra
tions vary between different stages of the column. Therefore, to confirm 
their suitability for real-world extractive distillation applications, 
further validation of these entrainers is required. This should include 
rigorous process simulation or experimental validation of extractive 
distillation processes at the pilot-plant scale. In addition, a compre
hensive assessment of total annual costs and sustainability should be 
conducted to ensure both economic and environmental feasibility.

3.2. Thermodynamic consistency test

The thermodynamic consistency test was performed to confirm the 
reliability of the VLE data. In this work, the Van Ness method, expressed 
in eqs. (3) and 4, was employed [52]. 

ΔP =
1
np

×
∑np

i=1
ΔPi =

1
np

×
∑np

i=1
100

⃒
⃒
⃒
⃒
Pcal

i − Pexp
i

Pexp
i

⃒
⃒
⃒
⃒ (3) 

Δy =
1
np

×
∑np

i=1
Δyi =

1
np

×
∑np

i=1
100

⃒
⃒ycal

i − yexp
i

⃒
⃒ (4) 

In these equations, np represents the number of data points, y is the 
vapor phase mole fraction, and P is the pressure. The term cal refers to 
the values calculated using the NRTL model, while exp refers to the 
values obtained from the experimental work. Under the criteria from the 
Van Ness method, the VLE data are regarded as thermodynamically 
consistent when the values for both ΔP and Δy are below 1. Table 5 il
lustrates that the values for ΔP and Δy for each pseudo-ternary mixture 
comply with this requirement. Additional details regarding the ΔP and 
Δy values can be found in Tables S2-S3 of the Supplementary File. 
Furthermore, the Van Ness test also requires that the residual distribu
tion of the ln(γ1/γ2) exhibits a random pattern. Figures S7-S8 of the 
Supplementary File demonstrate that the residual distribution behaves 
randomly, providing further confirmation of the thermodynamic con
sistency of the investigated VLE data. In the original work of Van Ness, 
Legendre polynomials were suggested as a convenient flexible repre
sentation for the VLE data. In the present work, the NRTL model was 
instead used as the correlating function in the Van Ness test because 
NRTL is specifically developed for non-ideal and azeotropic mixtures 
and is widely applied for systems containing entrainers. Using NRTL at 
this stage also ensures consistency with the subsequent regression of the 
same VLE data. The small values of Δy and ΔP (Table 5) and the random 
distribution of residuals (Figs. S7-S8) confirm that the NRTL model is 
sufficiently flexible for the consistency test.

3.3. Regression of the VLE data

To determine the optimum BIPs, the VLE data were regressed using 
the NRTL model. Among the available excess-Gibbs-energy models, 
NRTL was selected because it is particularly suitable for strongly non- 
ideal mixtures with specific interactions, including systems with en
trainers where local-composition effects are significant. Its application 
for the pseudo-ternary mixture with the presence of entrainer frequently 
results in strong correlations with the experimental data [35,63–68]. 
Previous work on pseudo-ternary mixtures of n-hexane and ethanol with 
NBP and NMP has demonstrated that NRTL correlates such systems 
accurately [58]. Moreover, we have previously reported that the NRTL 
model outperforms the UNIQUAC model based on their correlation re
sults in the pseudo-ternary mixture that contains entrainers, particularly 
for methylcyclohexane – toluene with the presence of entrainer NMP 
and gamma-valerolactone [13]. For completeness, limited trial re
gressions with the Wilson and UNIQUAC models were performed for 
selected data sets. These models led to larger RMSDs in temperature and 

Fig. 6. Comparison for the relative volatility of n-hexane (1) to ethanol (2) 
(α12) in the presence of conventional entrainer NMP (E/F= 1; 100.0 kPa) and 
various biobased and greener entrainers: NBP (E/F= 1; 50.0 kPa) [58]; guaiacol 
(E/F of 1; 50.0 kPa); DMI (E/F of 3; 50.0 kPa); 1-ethyl-3-methyl-imidazolium 
hydrogen sulfate [EMIM] [HSO4] IL (E/F of 0.4; 101.3 kPa) [37]; ChCl:Glyc
erol (1:3) DES (E/F of 0.3, 328.15 K) [39]. All measurements were performed at 
the azeotropic composition.
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compositions than NRTL, confirming that NRTL provides the best 
compromise between accuracy and parameter parsimony for the present 
pseudo-ternary mixtures. The equation for the model is outlined in eq. 
(5). 

lnγi =

∑nc

j=1
xjτjiGji

∑nc

k=1
xkGki

+
∑nc

j=1

xjGij

∑N

k=1
xkGkj

⎛

⎜
⎜
⎝τij −

∑nc

m=1
xmτmjGmj

∑nc

k=1
xkGkj

⎞

⎟
⎟
⎠ (5) 

In the NRTL model equation, γi indicates the activity coefficient of 
the component i, and nc defines the total number of components. In 
addition, the parameters associated with this model are described in eq. 
(6). The non-randomness constant for the binary pair interaction (i-j) in 
this model is denoted by Cij. 

Gij = exp
(
− Cijτij

)
; τij = Aij + Bij

/
T; Gii = 1; τii = 0 (6) 

For the n-hexane and ethanol pair, the BIPs were obtained from our 
previous study [58], which accurately represents the temperature range 
relevant to the VLE data in this work. For the n-hexane and ethanol 
binary mixture, the non-randomness constant was set at 0.47. On the 
other hand, this value was allowed to vary in the regression of the 
pseudo-ternary n-hexane-ethanol-guaiacol mixture, offering enhanced 
flexibility and leading to improved accuracy of the regression. However, 
for the mixture of n-hexane-ethanol-dimethyl isosorbide, the 
non-randomness constant was fixed at 0.30, as this provided better 
regression results. The Britt and Luecke method was used as a maximum 
likelihood-based algorithm to minimize the objective function (OF) in 
the regression, allowing determination of optimum BIPs [69]. The OF 
equation is presented in eq. (7). In this equation, np indicates the total 
number of data points, while σ refers to the standard deviations. Table 6
provides the optimum BIPs for the component pairs determined from the 
regression. 

OF =
∑np

k=1
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⃒
⃒
⃒
Pcal

k − Pexp
k
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⃒
⃒
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⃒
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k
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2

+
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⃒
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⃒
⃒

xcal
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1,k

σx
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⃒

2

+

⃒
⃒
⃒
⃒
⃒

ycal
1,k − yexp

1,k

σy

⃒
⃒
⃒
⃒
⃒

2}

(7) 

The NRTL regression results demonstrated a strong agreement with 
the experimental VLE data for pseudo-ternary mixtures of n-hexane and 
ethanol containing guaiacol and DMI, respectively. The regression was 
conducted in a single regression for the VLE data across all E/Fs and 
pressures, resulting in BIPs that effectively capture the system’s 
behavior across various compositions of the entrainer and pressures. The 
regression results for the n-hexane and ethanol mixture using guaiacol as 
an entrainer are presented in Fig. 1, while Fig. 2 illustrates the results 
with DMI as an entrainer. Moreover, Table 7 shows the root-mean- 
square deviations, confirming a strong correlation between the 
regressed values and the experimental data. Figures S9-S14 in the Sup
plementary File provide detailed residual plots for the mole fractions of 
both the liquid and vapor phases, as well as the temperature. These 
results affirm the reliability of the NRTL model and its associated BIPs 
for designing effective extractive distillation processes through a process 

simulation to separate the n-hexane and ethanol mixture using the 
biobased entrainers guaiacol and DMI.

4. Conclusions

This study presents, for the first time, the VLE data for pseudo- 
mixtures of n-hexane-ethanol in the presence of the biobased en
trainers guaiacol and DMI. The data were confirmed to be thermody
namically consistent, indicating their reliability. The results indicate 
that the introduction of guaiacol and DMI enhances the relative vola
tility of n-hexane to ethanol and effectively eliminates the azeotropic 
point. Introducing guaiacol to the n-hexane and ethanol mixture at an E/ 
F of 1 and pressures of 50.0 and 100.0 kPa, as well as an E/F of 3 and a 
pressure of 50.0 kPa, effectively removes the azeotrope behavior. When 
DMI was added at an E/F of 1 and pressures of 50.0 and 100.0 kPa, the 
azeotropic point shifted significantly toward the n-hexane-rich region 
compared to the original azeotropic composition at x1 = 0.660. How
ever, the azeotrope is not completely eliminated. The azeotropic point is 
successfully removed when DMI was added at E/F of 3 and a pressure of 
50 kPa.

Compared to our earlier results with NBP and NMP, guaiacol and 
DMI show somewhat lower relative volatilities but still provide effective 
azeotrope removal under optimal conditions. Guaiacol performs simi
larly to NBP at reduced pressure and moderate entrainer loadings, 
whereas DMI requires a higher E/F but benefits from lower self- 
association and good miscibility. These differences, together with the 
improved toxicological and sustainability profile of guaiacol and DMI, 
highlight the role of these solvents as competitive green alternatives to 
both NBP and NMP. In addition, at optimal operating conditions, 
guaiacol and DMI exhibit relative volatility performance comparable to 
the other greener entrainers such as NBP and IL and demonstrate better 
relative volatility than DES. These results highlight the viability of 
biobased solvents guaiacol and DMI as green entrainers, contributing to 
greener and more sustainable extractive distillation processes.

Furthermore, the NRTL model was employed to regress the VLE data, 
resulting in a good fit between the regressed values and the experimental 
data. As a result, optimum BIPs were successfully determined. The NRTL 

Table 6 
Binary interaction parameters from the NRTL model for pseudo-ternary mixtures of n-hexane (1) + ethanol (2) with the biobased entrainers guaiacol (3) and dimethyl 
isosorbide (3)a,b.

i component j component Aij Aji Bij/K Bji/K Cij

cn-hexane (1) ethanol (2) − 10.342 − 3.854 4120.934 1829.392 0.47
n-hexane (1) guaiacol (3) 24.967 − 14.786 − 7227.525 4793.393 0.26
ethanol (2) guaiacol (3) 11.866 − 4.250 − 1934.061 1244.481 0.55
n-hexane (1) dimethyl isosorbide (3) 11.988 − 12.067 − 2984.570 3932.560 0.30
ethanol (2) dimethyl isosorbide (3) 11.537 − 11.680 − 3369.973 3639.305 0.30

a Aij, Aji, Bij, and Bji are asymmetric parameters; Cij is the non-randomness constant.
b NRTL: .τij = Aij + Bij/T
c The BIPs for the hexane (1) – ethanol (2) were obtained from our previous work [58].

Table 7 
Root-Mean-Square Deviations (RMSD)a.

RMSDb

T/K P/ 
kPa

x1' y1

n-hexane (1) + ethanol (2) + guaiacol (3) 0.38 0.6 0.006 0.007
n-hexane (1) + ethanol (2) + dimethyl 

isosorbide (3)
0.52 0.8 0.007 0.007

a T is a temperature, P is a pressure; x1′ is the mole fraction of liquid phase for 
n-hexane (entrainer-free basis), y1: mole fraction of vapor phase for n-hexane.

b RMSD: ΔM =
̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
1
n
∑n

i=1

(
Mexp − Mcal

)2
√

, where n represent the number of 

data points; M describes T, P, x1', and y1, respectively.
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model and its parameters obtained in this work provide a reliable 
thermodynamic basis for the process design of an extractive distillation 
process utilizing biobased entrainers guaiacol and DMI to separate n- 
hexane and ethanol. Future research will involve process simulations for 
the extractive distillation of n-hexane and ethanol mixture, with the 
presence of guaiacol and DMI to examine their separation performance 
under real-world column conditions. Additionally, the research will 
assess both economic viability and environmental sustainability.
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odology, Conceptualization. André B. de Haan: Writing – review & 
editing, Supervision, Project administration, Funding acquisition, 
Conceptualization.

Declaration of competing interest

The authors declare that they have no known competing financial 
interests or personal relationships that could have appeared to influence 
the work reported in this paper.

Acknowledgements

The authors gratefully thank the Indonesia Endowment Fund for 
Education (LPDP)-Ministry of Finance of the Republic of Indonesia for 
providing the funding and the scholarship to Dhoni Hartanto (grant 
number SKPB-1597/LPDP/LPDP.3/2024).

Supplementary materials

Supplementary material associated with this article can be found, in 
the online version, at doi:10.1016/j.fluid.2026.114694.

Data availability

I have shared the data in the manuscript.

References

[1] J.A. Chavez Velasco, M. Tawarmalani, R. Agrawal, Systematic analysis reveals 
thermal separations are not necessarily most energy intensive, Joule 5 (2021) 
330–343, https://doi.org/10.1016/j.joule.2020.12.002.

[2] A.B. de Haan, H.B. Eral, B. Schuur, Industrial Separation Processes, De Gruyter, 
2025, https://doi.org/10.1515/9783111063812.

[3] D.S. Sholl, R.P. Lively, Seven chemical separations to change the world, Nature 532 
(2016) 6–9.

[4] S.E. Demirel, J. Li, M.M.F. Hasan, Membrane separation process design and 
intensification, Ind. Eng. Chem. Res. 60 (2021) 7197–7217, https://doi.org/ 
10.1021/acs.iecr.0c05072.

[5] M.K. Hadj-Kali, H.F. Hizaddin, I. Wazeer, L. El blidi, S. Mulyono, M.A. Hashim, 
Liquid-liquid separation of azeotropic mixtures of ethanol/alkanes using deep 
eutectic solvents: COSMO-RS prediction and experimental validation, Fluid Phase 
Equilib. 448 (2017) 105–115, https://doi.org/10.1016/j.fluid.2017.05.021.

[6] N.S. Muhammed, A.O. Gbadamosi, E.I. Epelle, A.A. Abdulrasheed, B. Haq, S. Patil, 
D. Al-Shehri, M.S. Kamal, Hydrogen production, transportation, utilization, and 
storage: recent advances towards sustainable energy, J. Energy Storage 73 (2023) 
109207, https://doi.org/10.1016/j.est.2023.109207.

[7] J. Kang, S. He, W. Zhou, Z. Shen, Y. Li, M. Chen, Q. Zhang, Y. Wang, Single-pass 
transformation of syngas into ethanol with high selectivity by triple tandem 
catalysis, Nat. Commun. 11 (2020) 827, https://doi.org/10.1038/s41467-020- 
14672-8.

[8] J.G. Speight, Chapter 8 - hydrocarbons from synthesis gas. J.G.B.T.-H. of I.H.P. 
(Second E. Speight (Ed.), Gulf Professional Publishing, Boston, 2020, pp. 343–386, 
https://doi.org/10.1016/B978-0-12-809923-0.00008-4.

[9] H.M. Sbihi, I.A. Nehdi, S. Mokbli, M. Romdhani-Younes, S.I. Al-Resayes, Hexane 
and ethanol extracted seed oils and leaf essential compositions from two castor 
plant (Ricinus communis L.) varieties, Ind. Crops Prod. 122 (2018) 174–181, 
https://doi.org/10.1016/j.indcrop.2018.05.072.

[10] A.A. Kiss, J.-P. Lange, B. Schuur, D.W.F. Brilman, A.G.J. van der Ham, S.R. 
A. Kersten, Separation technology–Making a difference in biorefineries, Biomass 
and Bioenergy 95 (2016) 296–309, https://doi.org/10.1016/j. 
biombioe.2016.05.021.

[11] H.A. Kooijman, E. Sorensen, Recent advances and future perspectives on more 
sustainable and energy efficient distillation processes, Chem. Eng. Res. Des. 188 
(2022) 473–482, https://doi.org/10.1016/j.cherd.2022.10.005.

[12] A.A. Kiss, Distillation technology – still young and full of breakthrough 
opportunities, J. Chem. Technol. Biotechnol. 89 (2014) 479–498, https://doi.org/ 
10.1002/jctb.4262.

[13] D. Hartanto, B. Schuur, T. Schuttevaer, A.A. Kiss, A.B. de Haan, Isobaric 
vapor–Liquid equilibrium of methylcyclohexane + toluene with gamma- 
valerolactone as a biobased entrainer and 1-methylpyrrolidin-2-one as a 
conventional entrainer, J. Chem. Eng. Data 70 (2025) 1339–1351, https://doi.org/ 
10.1021/acs.jced.4c00509.

[14] A.A. Kiss, Design, control and economics of distillation. Adv. Distill. Technol. Des. 
Control Appl., John Wiley & Sons, Inc., 2013, pp. 37–65, https://doi.org/10.1002/ 
9781118543702.ch2.

[15] J. Zhu, Y. Sun, Y. Chen, N. Wu, R. Shi, Z. Ren, Q. Li, H. Zhao, Isobaric vapor–Liquid 
equilibrium experiments of methyl propionate + ethanol with different ionic 
liquids at 101.3 kPa, J. Chem. Eng. Data 70 (2025) 427–438, https://doi.org/ 
10.1021/acs.jced.4c00517.

[16] V. Gerbaud, I. Rodriguez-Donis, in: A. Górak, Ž.B.T.-D. Olujić (Eds.), Chapter 6 - 
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