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Abstract

The ever growing use of renewable sources of energy led to a need for energy storage.
Mainly due to the intermittency nature of applications like solar and wind. In addition,
the need for regulation of the greenhouse gases led to the development of carbon capture
and storage applications. Thus, the combination of those two factors accelerated the pro-
duction of renewable fuels (called also solar fuels). Renewable fuels is a power-to-x solu-
tion of storing the surplus electric energy produced from renewable sources, via multiple
steps processes. Hence, solar fuels can contribute immensely in a lorg-term, large-scale
energy storage solution. Those fuels are synthetic hydrocarbon that derive from hydro-
gen (produced from renewables) and the CO2 captured. Some possible fuels are methanol,
methane and liquid hydrocarbons.

Amongst, those, methane is the most promising solution. It can be synthesized with a
single reaction, it has high energy density and can be easily distributed. The methanation
of CO2 is an exothermic catalytic reaction and takes place in multiple fixed bed reactors in
row. In order for this renewable methane to be used as SNG, high purity levels are required.
Hence, novel techniques are researched to achieve the necessary purity of methane in fewer
process steps.

The present study focuses on one of those techniques called separation enhanced metha-
nation of CO2. The principle behind this technique is the removal, in situ, of the vapor
produced by the reaction, to increase the conversion of reactants. This topic is approached
experimentally. A fixed bed reactor built in house is used for the experiments. For the hy-
drogenation of CO2 a nickel catalyst is used, coupled with two different zeolites (3A and 4A)
for the adsorption of water vapor. Initially, the pure catalyst’s performance was tested. Sub-
sequently, the combinations of catalyst-zeolites (physical mixture) followed to determine
the enhancement of the process. Two GHSV were applied in the experiments, for different
temperatures in the range of 200◦C -360◦C . Also, different combinations of catalyst-zeolite
4A were deployed, regarding the size of the catalyst particles.

From the results, it was concluded that the proximity of the catalytic sites to the zeolites
surface plays the most dominant role in the performance of the process. This proximity is
linked to the average particle size and the uniformity of the bed. The highest conversion
rates were achieved in the range of 260◦C to 280◦C , with values of up to 98,5% of conver-
sion.
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1
Introduction

In the introductory chapter, an overview of the current thesis work is presented. In particular,
the backround of the thesis is illustrated, together with the objectives and motivation that it
was based upon. Finally, the scope of the current work is presented and the outline of the
thesis.

The world’s population is growing each year by a rate of approximately 1,18% [27]. This
number corresponds to an additional 83 million people per year. That increase lead to
an exponential growth in the energy demands. Specifically, the energy consumption, for
the same time frame (2010-2015), has risen globally by 7%, from 12540 to 13423 Mtoe [4].
Subsequently, the CO2 emissions reached more than 35000 Mt for the year 2015 only [3],
[44]. So, this increase in energy demands coupled with the ever growing concerns about the
future of the environment have led to a boost in the usage of “cleaner” solutions. Moreover,
those solutions are forced into the market and established due to the strict regulations and
goals set by many countries and organizations. Especially, in EU many agreements have
been signed, like the EU 20-20-20 strategy. Which, refers to 20% in emissions, 20% energy
from renewables and 20% increase in efficiency.

Many alternatives to classical fossil fuels have risen due to the reasons mentioned above.
Those, mainly focus on renewable sources of electricity. Like wind turbines, solar panels
tidal power etc. The problem with many of those solutions is the need for storage of the en-
ergy produced. The reason is the intermittency nature of applications like solar and wind.
This reason created the need of storing energy on large scale and over longer times (whole
seasons). But, the technology of storing electricity in such a large scale with the use of bat-
teries is not yet economically and practically feasible, solutions like electrolysis of water
have been used for the production of hydrogen.

Regardless of the usage of renewable sources, fossil fuels still play a dominant role for
the production of energy and, generally, in the process industry. Hence, capture and stor-
age technologies of carbon dioxide have been developed and are being developing fur-
thermore, to reduce the emissions. Specifically, capture technologies for post and pre-
combustion are economically feasible in many occasions and industrial separation of CO2

( from natural gas processing and ammonia production) is an already mature market [43].
Hydrogen is a carbon neutral fuel and possesses the highest energy density possible,

with 142 MJ/kg. Nonetheless, the complexity and expense in storing and distributing is
high, together with the increased hazards when manipulating it. This fact combined with

1



2 1. Introduction

Figure 1.1: Process scheme of the concept(Schaaf et al. [46])

the offer of carbon dioxide (from capturing processes mentioned previously) led to pro-
cess development activities towards synthetic hydrocarbons. Those hydrocarbons can only
have as combustion products CO2 and water, with the purpose of having an emission neu-
tral production of energy. Also, another requirement is to synthesize a fuel with high en-
ergy density. Thus, possible solutions can be methanol, methane and liquid hydrocarbons
(Cn H2n+2 with n > 6) [18]. Methanol’s synthesis from CO2 and H2 is simple and, almost,
energy neutral [15], but its energy density is significantly less than methane’s and octane’s
(19,7 MJ/kg compared to 55,5 and 44MJ/kg respectively). Octane on the other hand, being
liquid, is the most convenient in storing and transporting. But synthesizing it is a complex
process, by applying reverse water gas swift reaction combined with Fischer-Tropsch syn-
thesis [5]. Lastly, methane has the highest energy density amongst the ones mentioned,
it can be synthesized in one step (single catalytic reaction), from carbon dioxide and hy-
drogen, and (very importantly) it can be be accommodated by the already vast distribution
network of natural gas and replace it as a renewable source of energy. The reaction can be
seen below (equation 1.1).

CO2 +4H2 ⇐⇒ C H4 +2H2O,∆H298 =−165k J/mol (1.1)

This concept (methanation of CO2 and CO) has been, vastly, examined in academia
and it has been already applied on different scales. A general scheme of the certain, overall,
process can be seen in figure 1.1. As taken from Schaaf et al. [46].

A typical commercial methanation process of carbon dioxide consists of several fixed
bed reactors in a row, with intermediate cooling steps and recycle streams, until the suffi-
ciently high methane purity is reached [49]. The reaction occurs in elevated temperatures
(250◦C -450◦C ). For synthetic natural gas (SNG) from coal or biomass, the methanation oc-
curs up to 600◦C [38]. The pressure conditions of the last reactor usually reach pressures of
more than 20bar [46] in order to reach the high specifications of methane’s purity as speci-
fied for the gas grid.

The present work focuses in the sorption enhanced methanation process. Specifically,
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by applying the Le Chatelier principle and removing in situ one of the products (water va-
por) the reaction is led to the right hand side, increasing the conversion of the reactants.
Previously, others have applied the Le Chatelier principle in thermodynamic equilibrium
based reaction ([17], [22], [34], [23]) and studied the enhancement. Regarding, the sepa-
ration enhanced methanation of carbon dioxide and carbon monoxide, only very recently
has been studied ([51], [15], [13], [25]) and all the studies were focused in micro-scale ap-
plication.

The current work aims in a large scale process, with a physical mixture of the materials
used (catalyst and sorbent material). The scope is to experimentally study the enhance-
ment and detect the parameters, that mainly effect the efficiency of the process. Those
parameters are the temperature range, pressure, composition of materials, type of materi-
als and most importantly, uniformity of mixture and proximity of catalytic sites to zeolite’s
surface.

Those exactly are the questions researched with the present experimental work:

• Feasibility of sorption enhanced methanation of CO2, over a physical mixture of catalyst-
zeolites, in large scale

• Temperature range of operation for the process

• Which parameters influence the performance of the process.

An adiabatic reactor was used (designed and built in-house), that resembled the last
reactor in a multi-reactor step process. The purpose was to achieve the highest possi-
ble conversion of the reactants (for a minimum time frame) in atmospheric conditions.
Hence, substituting the expensive (in operation and equipment costs) high pressure reac-
tor needed so far for the same conversion values of the reactants.

1.1. Thesis outline

Chapter 2
A theoretical backround is provided in this chapter. This backround regards the cat-

alysts used for this type of work, together with sorbent materials that can be applied for
the adsorption of water vapor. Lastly, reactor technologies are presented dedicated for this
process and the literature review of the studies focused in the methanation of CO2.

Chapter 3
This chapter introduces the materials and methods that were employed to investigate,

initially the conventional catalytic Sabatier reaction and subsequently the soption enhance-
ment of the same process. The analysis of the aluminum oxide pellets, catalyst and sor-
bents used is presented. Along with the analysis of the setup used for the experiments. In
addition, a description of the procedure followed during the experiments together with the
series of experiments is provided.

Chapter 4
This chapter is devoted in the calculations and modelling performed prior the experi-

ments. The goal was to predict, based on thermodynamics, the progression of the present
synergistic process and set the goal (partial pressure of water) for the optimum results. Also,
approximate the pressure drop and temperature rise inside the catalytic bed.
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Chapter 5
This chapter presents the experimental results along with their interpretation. Firstly,

the series of experiments with the combination Ni /Al2O3 − Al2O3 were performed to de-
termine the activity of the present catalyst for a range of temperatures at atmospheric pres-
sure. Subsequently, the experiments with the combination Ni-Al/Zeolities followed. Ini-
tially, the pair Ni /Al2O3 −3A was tested, followed by Ni /Al2O3 −4A. Lastly, the two com-
binations of ground Ni /Al2O3 (2,5mm and 1mm average sizes) paired with zeolite 4A were
put into test.

Chapter 6
The conclusions, drawn from this work, are discussed in this chapter. Also, recommen-

dations for future work in this field is provided.
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Literature

2.1. Sabatier Reaction
2.1.1. General Knowledge

One process frequently applied in the chemical industry is that of hydrogenation of or-
ganic compounds. Specifically, it refers to the reaction between molecular hydrogen and
another element or organic compound. The vast majority of those reactions occur in a
catalytic environment. The purpose behind hydrogenation is usually to reduce/oxidase an
organic compound or change its saturation state. Reduction and oxidation refers to the de-
crease and increase, respectively, of the number of oxygen molecules in a compound and
saturation refers to the absence of double and triple bonds in the compound as well.

Two of the most known hydrogenation reactions are the methanation of carbon diox-
ide and carbon monoxide. In particular the reaction of either carbon monoxide or carbon
dioxide with hydrogen for the synthesis of mechane and water (reduction). The conversion
of carbon dioxide to methane is called the Sabatier process and is ,probably, amongst the
hydrogenation processes the most researched one. Attributed to the French chemist Paul
Sabatier, an innovator in the catalytic hydrogenation processes, who discovered it in the
1910s [7]. This reaction proceeds as follows:

CO2(g )+4H2(g ) ⇐⇒ C H4(g )+2H2O(l ) (2.1)

The Sabatier process is highly exothermic, with a release of energy of∆H =−165 k J/mol
for the reaction with carbon dioxide and ∆H = −201 k J/mol for the reaction with carbon
monoxide [14]. It is a thermodynamically favorable reaction (∆G =−113,5 k J/mol ) in a big
range of temperatures and pressures[14]. On the contrary, the reduction of a fully oxidized
carbon to methane is kinetically limited [54]. Thus, a catalyst is needed to reach acceptable
conversion rates and selectivity to methane. Although methanation of CO2 is a simple re-
action, the mechanism that takes place during catalysis for the conversion towards C H4 is
complicated. Two general routs have been proposed. One refers to the conversion of CO2

to CO and subsequently the formation of carbon monoxide to methane [53]. The second is
the direct conversion of CO2 towards C H4, without formation of any intermediates [29].

As a process, the Sabatier reaction has been greatly researched both in academia and
the private sector due to the different usages it can display and the fact that it involves some

5
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of the most dominant and abundant chemical compounds on earth. The main topics that
have been investigated are the materials that can catalyze this process.

2.1.2. Applications

Life support
One of the usages is the synthesis of water in remote places, where there is no reliable water
source. Such a characteristic case is the International Space Station. For example NASA has
developed an in house Sabatier reaction system [37] that can produce water and methane
from the carbon dioxide of the atmosphere of the station and the hydrogen produced from
electrolysis. That methanation process is an intermediate step for the final production of
oxygen , from electrolysis of the water produced by the Sabatier reaction.

Energy storage
Another field in which Sabatier process can have a substantial impact is that of energy stor-
age and carbon dioxide management. Despite, the efforts been made to reduce the carbon
dioxide footprint emitted by the industry, transportation and energy production, we are
still unable to reach the strict goals that have been set internationally for the maximum
production of CO2 globally. Lots of focus has gone into carbon storage via the new solu-
tions of CO2 capturing. But, still carbon dioxide storage is energy costly and inefficient
leading to the need for alternative solutions.

Those solutions are the chemical transformation of CO2 to renewable fuels. These are
methanol, liquid hydrocarbons and methane, as mentioned previously. Hence, a solution
could be the Sabatier process, which has the benefit not only of carbon dioxide reduc-
tion but also the synthesis of methane. A compound vastly used nowadays in the western
world, both in households and in the industry. It, also, has the great benefit of an already
existent distribution network, especially in Europe. On the topic of energy storage, there
is also the benefit of the conversion of hydrogen to the more “practical” (as mentioned
above) methane. After the bloom of the renewable energy sources there can be a signifi-
cant amount of hydrogen produced from electrolysis yearly, which is very challenging to
store and distribute compared to methane. Hence, the necessity for a stable Sabatier pro-
cess to convert to natural gas.

2.2. Catalysts

The methanation of CO2 is considered a typical catalytic heterogeneous process, since it
can only be performed under the presence of a solid (in most cases) catalyst and the reac-
tants are always in gaseous form. The most widely studied material for the hydrogenation
of CO2 is Nickel (Ni). Those Ni catalytic pellets consist, always, of nickel supported on an-
other material to form the end product. The support’s material plays a crucial role in the
catalysis. Because it influences the interaction between Nickel, the support and CO2, de-
termining in this way the catalytic activity and selectivity towards the products [20]. The
materials used typically as supports in Nickel catalysts are oxides. Like T iO2, SiO2, Al2O3,
CeO2 and Z r O2. The reason for using those is their high surface area. High surface area is
needed for dispersion of the active phase, which is nickel. So, increased dispersion of the
active phase has been the main focus of research. Other studies [28] focused on the prepa-
ration of Ni/MCM-14 catalysts. MCM-14 is a mesoporous material. Comes from silicate
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Figure 2.1: Comparison of conversion of CO2 and yield of C H4 between different catalysts (as taken from Wei
et al. [54])

and alumosilicate solids. By specific preparation and impregnation of nickel on MCM-14,
the catalyst exhibited high selectivity (96%) and space-time yield (91,4g /kg /h). Better than
the performance exhibited by a Ni /SiO2 catalyst [52]. Another factor that influences the
activity of the catalyst is the reduction of NiO to active Ni. Nickel is, always, impregnated on
a support in the form of nickel oxide (NiO). Hence, the conditions present at the reduction
process are very crucial for the complete activation of nickel. Those conditions are temper-
ature, time and composition of gas stream used for the reduction. Amorphous silica can be
used for the methanation of CO2. Specifically, amorphous silica extracted from rice husk
(RHA). Due to its high specific area, porosity and melting point, they can be a solid solution
for the hydrogenation of carbon dioxide [20]. Another study focused in the combination of
amorphous silica and aluminum oxide for the formation of double material support. Al-
though, increased reduction and calcination temperatures are needed, due to the presence
of aluminum oxide trapped in nickel oxide particles, the recorded conversion and selec-
tivity is higher than the Ni/RHA catalyst [19]. Also, the performance of Ni /RH A − Al2O3

towards the methanation of carbon dioxide is better than Ni /SiO2−Al2O3. A detailed com-
parison can be seen in figure 2.1.
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Another type of nickel catalyst is Raney nickel. A fine-grained material which consists
of traces of Alumina. Raney nickel is thermally and structurally stable and has a large BEP
surface area. It has high recorded activity in the methanation reaction of CO2 [45]. Gen-
erally, Ni /Al2O3 (nickel/alumina) alloys have a high activity towards the hydrogenation of
carbon dioxide, with high selectivity towards methane [41]. Lastly, iron has been also used
combined with nickel for methanation processes (of CO and CO2). The end product is a
bimetallic Ni −Fe/M g Al2O3 catalyst [40]. It has high activity towards the methanation of
CO2 and the benefit that iron is cheaper than nickel. So, the overall catalyst is less costly to
produce.

Except nickel other metals, that have been investigated for the hydrogenation of CO2

(and not only), are group VIII metals (Rh and Ru). Those are supported on the same oxides
like nickel (T iO2, SiO2, Al2O3, CeO2 and Z r O2). The main disadvantage of ruthenium
and rhodium is that they are very expensive, due their scarcity and the fact that there is so
much available quantity until complete depletion. Other than that their activity towards
methanation of CO2 is significantly higher than nickel’s[40]. In addition, they can oper-
ate at a temperature range were nickel is not active (around 150◦C ). The reason is that
nickel based catalysts at low temperatures interact with carbon monoxide and form mo-
bile nickel subcarbonyls [11]. The support used for the formation of the catalyst plays as
crucial role in the performance of the product towards the methanation process. The ef-
fect of the support to the hydrogenation process of carbon dioxide has been studied by
Kowalczyk et al. [39]. The results based on the surface-based activities (TOF) of ruthenium
are Ru/Al2O3>Ru/M g Al2O4>Ru/M gO. Generally, Ru/γ− Al2O3 is used as a base of com-
parison for all catalysts, due to its high activity for methanation of carbon dioxide at low
temperatures.

2.3. Sorption

The second main phenomenon that occurs in the present experimental study (besides
catalysis) is that of physisorption. Adsorption occurs when a molecule of the adsorbate
bonds on the surface of an adsorbent. There are two types of adsorption (sorption). The
first is chemical adsorption or chemisorption. In the case of chemisorption, a chemical
reaction occurs between the surface and the adsorbate. Hence, chemisorption is similar
to a chemical reaction with a specific constant rate of reaction at each temperature and
each pressure. The second type of adsorption is physisorption or physical adsorption. In
physisorption the molecules of adsorbate are attracted with Van der Waals force on the sur-
face of the absorbent. This process in contrast with chemisorption is dynamic. At constant
temperature and pressure the adsorption rate changes with the reduction of the capacity
of the adsorbent.

There are several materials for the adsorption of water. A study performed by Deng et
al. [26] on several novel adsorbent materials, encapsulates the ones suitable for the adsorp-
tion of water. Those can be activated alumina, activated carbon, silica gel, selective water
sorbent (SWS), metal organic framework (MOF) and molecular sieves (zeolites). A com-
parison of their capacities towards relative humidity are room temperature can be seen in
figure 2.2.

In detail, activated alumina is a form of aluminum oxide, with a high porous surface.Its
formula is Al2O3.nH2O. Its has a more polar surface than silica gel and higher capacity
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Figure 2.2: "Equilibrium sorption of water vapor from atmospheric air at 25◦C on (A) alumina (granular), (B)
alumina (spherical), (C) silica gel, (D) 5A zeolite, (E) activated carbon." (as taken from Deng et al. [26])

to water than silica gel at elevated temperatures [26]. Activated carbon has a large surface
area. It has a microporous and mesoporous structure, with a high adsorption capacity for
non-polar compounds as well. From figure 2.2 one can see its affinity towards water vapor.
Silica gel is a very known compound. Silica gel is a granular, porous form of silicon dioxide
(SiO2). It has a high affinity towards water and it is probably the most used desiccant (both
in industry and household use). The disadvantage of silica gel is that it deactivates at ele-
vated temperatures. MOFs consist of metal ions coordinated to organic ligands to form up
to three dimensional structures. They exhibit high capacity to water at low partial pressures
of vapor, plus they are easily regenerated in low temperatures [30]. Also, MOFs exhibit high
adsorption capacity to methane, hydrogen, ethylene, ethane and others at elevated ambi-
ent pressures. But, no definite data are available in literature for their adsorptive capacity
at elevated temperatures. Lastly, zeolites are aluminosilicate minerals. Zeolite is a mate-
rial with uniformal pores. The pore size can be from 3 angstroms up to 10 angstroms in
diameter. This property makes it ideal for sieving molecules of a certain kinetic diameter
amongst molecules with larger dimension. Zeolites have a high affinity to water due to the
increased polarity of the molecule of water and its small size (2,65A).

One can conclude, that zeolites are the best choice amongst the ones mentioned for
the adsorption of water vapor in experimental conditions present in this study. The main
advantages are the adsorptive capacity at low partial pressures of water (low concentra-
tion), fast rate of adsorption, separation of molecules by size and (most importantly) the
adsorptive capacity at elevated temperature range [15], [51].
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2.4. Sorption enhanced methanation studies

Sorption enhanced reactions, where on of the products is removed in situ to swift the equi-
librium towards the products side, have been studied before. For example the adsorption
of CO2 to the enhance the water gas shift reaction for the production of pure hydrogen [50].
Regarding sorption enhanced methanation process, (where water vapor is removed) four
studies have been published.

The first one is that of Walspurger et al. [51]. In this study a combination of zeolite
4A with a nickel/alumina catalyst was deployed. Initially, the adsorption capacity to water
vapor at 200◦C , 250◦C and 300◦C . Subsequently, 3,6g of catalyst and zeolite 4A combined
were grained to powder, mixed together and pressurized in uniform pellets. Onwards, those
pellets were placed in a quartz reactor. The performance of this combination was tested out
at the same temperatures of the adsorption test. Close to 100% conversion of reactants was
achieved at 250◦C . The second study is that of Borgschulte et al. [15]. In this case nickel
nitrate aqueous solution was used with different concentrations, combined with zeolite
5A. Hence, nickel particles were impregnated on zeolite 5A (6w t% of nickel on 5A). The
resulted catalyst (13g ) was placed in a tubular reactor and tested out. Also, 100% conver-
sion of reactants was reached above 220◦C . Furthermore, an investigation of the reaction’s
mechanism was proposed. The third study is of Bacariza et al. [13]. In this research pa-
per a USY zeolite was impregnated with 5% nickel, resulting in a Ni-based zeolite catalyst.
Several preparation and pre-reduction conditions of the catalyst were tested in order to op-
timize the performance of the catalyst. The conversion reached 100% at 250◦C . Most resent
is the study by Delmelle et al. [25]. In this last study two different catalysts were prepared.
The first catalyst was 5% Ni impregnated on zeolite 5A and the second was 5% Ni impreg-
nated on zeolite 13X. Both catalysts yielded pure methane in similar temperature range.
But, the 5Ni/13X catalyst performed three times more the maximum compared to 5Ni/5A.
The reason is the higher capacity of zeolite 13X for water vapor compared to zeolite 5A. No
comparison was made between other types of zeolites with 13X. But, zeolites 3A and 4A are
vastly used for dehydration of hydrocarbons [2], [8].
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Materials and methods

This chapter introduces the materials and methods that were employed to investigate, ini-
tially the conventional catalytic Sabatier reaction and subsequently the soption enhance-
ment of the same process. The analysis of the aluminum oxide pellets, catalyst and sorbents
used is presented. Along with the analysis of the setup used for the experiments. In addition,
a description of the procedure followed during the experiments together with the series of
experiments is provided.

3.1. Experimental set-up
The experimental setup consists of one main equipment-component which is the heat-
integrated fixed bed reactor. Followed by a series of 5 mass-flow controllers for the regu-
lations of the gases, 5 automated electronic valves, 2 vessels for the condensation of the
vapor produced by the reaction and a gas chromatography.

Below, follows a process flow diagram that depicts the current setup(fig.3.1).

The experimental setup comprises 9 different groups of equipment. Those are the fol-
lowing and documented based on the enumeration on figure 3.1.

1. Gas tanks:The first stage of the setup is the supply of the process gases from the in-
house storage facilities. The gases, available for the system, are Nitrogen(N2), Carbon
dioxide(CO2), Hydrogen(H2), Methane(C H4) and Carbon monoxide(CO). The gases
are provided in a purity higher than 99% per volume.

2. Electronic ball valves: The second stage consists of 5 electronically automated
on/off valves. Those are placed there purely for safety reasons. They suspend the in-
flow of gases in cases of gas leakage, fire etc.

3. Needle valves: The on/off valves are followed by 5 accurate pressure control valves
to regulate the pressure of each gas prior to the next step. The valves were adjusted
to maintain the pressure of the gases at 1,5bar . That value of pressure was imposed
by the mass flow controllers (next station of set up).

11
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Figure 3.1: Process flow diagram of the setup:1.Gas tanks, 2.Electronic ball valves, 3.Needle valves, 4.Mass
flow controllers, 5.Reactor, 6.Condensation vessels, 7.Volume flow meter, 8.Micro GC
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4. Mass flow controllers: The last stage of gas regulation in the setup are the 5
mass flow controllers purchased by Bronkhorst. The specific models are the Bronkhorst
EL-FLOW F-201CV. They are designed for highly accurate gas flow control (third dec-
imal of mL), with a negligible uncertainty. The flow range, that those can regulate,
is 0,1-5 Ln/mi n. Ln indicates the normal Liters and refer to the volume at 0◦C and
1 bar. The mass flow controllers can handle an inflow of 1,3-5 bar and provide the
outflow at 1 bar. The specific model is considered to be suitable for lab applications.

5. Reactor: Due to the importance of this component, the reactor has been analyzed
on its own in subsection 3.1.1.

6. Condensation vessels: The outlet gases (that exit the reactor at the bottom) pass
through 2 continuous flow bottles. The first one is placed in an ice bath and the sec-
ond contains silica gel. The purpose is to fully condense the vapor been formed by
the reaction. So it won’t reach the mass flow meter and the micro gas chromatogra-
phy. The silica gel has recorder adsorption capacity towards CO2. But the competitive
adsorption between water vapor and CO2, favors the first [12]. This can be attributed
to the increased polarity of H2O. Hence, the adsorption of CO2 can be neglected.
The same holds for zeolites [24]. Polyethyleneimine modified silica gel is used for the
adsorption of CO2 [55].

7. Volume flow meter: After the condensation containers follows a residential di-
aphragm gas meter. It is manufactured by the company named Itron and the specific
model is "Gallus 2000". The diaphragm displaces positively due to the flow. This dis-
placement is linked with a specific volume, thus measuring the volume of the flow. It
is specified for accurate, continuous measurement of volume flow for non-corrosive
gases. The flow limits are 0,016− 2,5m3/h with a maximum of 55◦C for the gases
temperature.

8. Micro GC:The final, but non the less crucial, component of the setup is the micro
gas chromatograph. It is a Micro-GC of the company Varian. The model’s name is
"CP-4900". It is used for analysing the volumetric composition of the outlet gases
from the reactor. The column’s type a is Hayesep A 40 cm heated column. It works
in a continuous mode and takes automatically a sample of gases every 4 min. The
amount of gases that do not enter the Micro-GC are bypassed to an exhaust hose
and led to the atmosphere. More information regarding the GC are presented in the
following section.

9. Computer: Next to the setup a computer is placed. All of the electronic devices and
censors are physically connected to the PC. The 3 temperature and 2 pressure sen-
sors on the reactor "give" readings on the PC via a LabView simulator. This simulator
is designed and coded inhouse, designated for the specific reactor. The 5 mass flow
controllers are handled via the software FlowView (provided also from Bronkhorst).
Each one of the controllers has his own control panel. Lastly, the Micro-GC is oper-
ated via Galaxie, a software provided by Agilent.
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Figure 3.2: Reactor and tripod
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3.1.1. Reactor
This is the main equipment-component of the current setup. It is a heat integrated-fixed
bed, tubular reactor. The dimensions are 5,2cm of inner diameter and 45cm height. The
reactor is made from stainless steel, type 316.

Heat integration
A heating cable is wrapped around the reactor and can reach a maximum temperature of
400◦C. The reactor together with the heating cable are covered with a layer (thickness of
7cm) of glass wool to thermally insulate the unit. The whole system can be considered
adiabatic, since the outer surface of glass wool is close to room temperature, even when the
heating cable is set at the maximum of 400◦C. The heating’s cable operation panel has two
indicated temperatures. The one that the user sets the cable at and the one that indicates
in real time the actual temperature of the cable. When the cable reaches the temperature
as set by the user, it fluctuates around this value until it stabilizes to the aimed one. The
response of the cable can be considered rather slow and needs time to reach the maximum.
Also, even after stabilization at the desired temperature it would, sometimes fluctuate by
approximately 1◦C .

Access and inner design
The bottom and top of the tubular reactor comprises of two removable steel caps, so one
can have access to the inside. Gaskets are placed between the caps and the reactor for seal-
ing. The inlet of the gases is at the top of the reactor. Explicitly, a stainless steel tubing
of 0,6cm diameter is connected to the upper cap. At the bottom cap a similar tube is con-
nected for the outlet of the gases. Inside of the reactor (at the low end) a removable metallic
tripod is placed (15cm height, 5,20cm diameter) for the purpose of supporting the catalytic
bed So, the bed (physical mixture of catalyst/alumina and catalyst/zeolites) is poured from
the top of the reactor, with the use of a funnel, on the tripod. As it is mentioned onwards
has a height of approximately 16cm. The part above the bed which is approximately 14cm
is always filled with Aluminum oxide pellets. The tripod (like the reactor) is made from
stainless steel type 316.

Sensors
As it can be seen in the figure 3.2, 5 sensors are placed on the reactor. Two of them are
pressure sensors and measure the absolute pressure in bar. The other 3 are temperature
sensors and take measurements in Celsius. All of them operate in real time and record 3-4
measurements per 1sec and show it on screen via the software LabView (mentioned previ-
ously). The accurate regulation of temperature is difficult because the readings of tempera-
ture on LabView variate constantly in a range of 4◦C . So all the experimental temperatures
mentioned onwards are an approximate average of those readings. The same goes for the
readings of the pressure sensors. The essential part of the reactor, which is the catalytic
bed, occupies the space between the first temperature sensor (from the top) and the sec-
ond pressure sensor on the bottom. It can be clearly seen as the crossed line area in figure
3.1. An image of the reactor with the tripod can be seen in figure 3.2.

Regulation of temperature
The temperature forms a very important role in the present study. Thus the regulation of
temperature is very crucial. Unfortunately, due to lack of accuracy in the readings of the
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thermocouples and the lagging response of the heating cable it was difficult to have repro-
ducibility. Namely to perform different experiments at exactly the same temperature. In
addition, there is lack of data for the heat capacity and heat conductivities of all the mate-
rials that comprise the reactor and the bed. Also, other properties are, also, unknown like
the convection heat transfer coefficient for each fluid (h), the overall heat transfer coeffient
(UA) and the heat transfer rate (Q̇).UA is usually calculated by the thermal conductivities of
the materials, the convection heat transfer coefficient for each fluid and the contact areas
of the fluids to solid particles. But, because inside the reactor is a packed bed of several ma-
terials (Ni /Al2O3, zeolites, Al2O3) , this isn’t feasible. Hence, modelling the heat exchange
of such a system is a complex procedure even in equilibrium conditions. Hence, before
realizing the experiments, tests were performed for the different flow rates, flow composi-
tion and bed composition. The purpose was to determine the difference between the cable
temperature and the temperature of the middle thermocouple in each case. So, when car-
rying out an experiment (for each bed composition and flow rate), one can know what the
cable’s temperature should be in order to achieve the desired temperature inside the bed.

3.1.2. Micro-GC Calibration
As it has been refer prior to section 3.1, a Micro-GC devise is used in this research for the
purpose of analysing the outlet process gases of the reactor. Gas chromatography is proba-
bly the most common type of chromatographic analytical methods. It is used for separating
and analysing gaseous compounds that do not decomposed during vaporization. The GC
consists mainly of a metallic or glass column. This column contains, inside of it, a station-
ary phase. This phase is a liquid or polymer supported on a solid. The compounds to be
examined are carried inside the column with an inert gas, in this case argon. The com-
pounds are adsorbed in the stationary phase with different rates, thus each one having a
unique retention time. Each gaseous compound is recognized by its retention time.
The specific micro-GC is a Varian CP-4900, nowadays branded as Agilent 490 micro-GC. In
order to use the GC for the current research a method should be constructed in its software
(Galaxie).

Essentially, the GC is calibrated for the gases expected to be present at the outlet of the
reactor and for the range of concentrations that those will approximately be. In order to
realize this, the reactor was filled with aluminum oxide pellets and flooded continuously
with the 5 process gases of the set up (CO2, H2,C H4, N2,CO). The reactor was at room
temperature and it was fed with 15 different fraction combinations of the 5 gases. Each
combination was performed 5 times to increase the accuracy.

After the calibration process the reactor was heated at 300◦C , known concentrations
of the gases were led through, cooled down and measured again by the GC. The intention
behind this process was to replicate the experimental procedure and test the accuracy of
the method constructed (on the GC) for the experiments. The calibration procedure was
proven successful.

All 15 points used for the calibration of GC are enclosed in table 3.1.
The calibration performed for all of the gases gave a regression coefficient of more than

0,9993 for each one. The calibration curve of H2 follows (figure 3.2), supporting the high
regression coefficient.

The rest of the calibration curves for CO2,CO,C H4 and N2 are included in the Appendix
(chapter A.6).
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Table 3.1: Calibration points:Gases fractions

points 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15

H2 0.02 0.06 0.1 0.2 0.24 0.3 0.5 0.6 0.05 0.05 0.7 0.8 0.4 0.1 0.2
CO2 0.02 0.06 0.1 0.14 0.2 0.3 0.1 0.4 0.25 0.05 0.3 0.2 0.5 0.7 0.8
N2 0 0.04 0.1 0.2 0.16 0.3 0.4 0 0.7 0.9 0 0 0.1 0.2 0
CH4 0.94 0.8 0.6 0.4 0.2 0.1 0 0 0 0 0 0 0 0 0
CO 0.02 0.04 0.1 0.06 0.2 0 0 0 0 0 0 0 0 0 0

sum 1 1 1 1 1 1 1 1 1 1 1 1 1 1 1

Figure 3.3: Calibration line of H2, R2 = 0,9993 (points in table 3.1)
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3.2. Materials

The materials that the current work was based upon are introduced in this section. Those
are a Nickel based catalyst, 2 different types of zeolites and aluminum oxide particles. All
those are presented and examined in the next subsections.

3.2.1. Aluminum oxide pellets

The first material-component designated for the present experiments is Aluminum Oxide
(Alumina). Namely, Alumina Balls, a product generously provided by "RVT Process Equip-
ment GMBH". A German based company that focuses in equipment for mass and heat
transfer for chemical, petrochemical, refinery and environmental applications.

Exactly that is the purpose of the Alumina Balls in the present research. To enhance gas
mixing and heat transfer throughout the reactor and generally, perform a secondary, but
non the less crucial role in the experiments. They are considered to be inert in the present
reaction and appear no significant catalytic activity towards the methanation of CO2. In
addition, they can withstand great temperatures, without thermal cracking, deformation
or change in their composition. The usage of those is analyzed in length in the series of
experiments developed onwards.

Regarding the specifications of this product. Its copyright trademark mark is "HiDur
©Balls Alumina". They are spherical pellets of 1/8 inch diameter (approximately 3,2 mm),
with negligible variations on size. The bulk or packing density of those is 2000−2200kg /m3,
but calculated close to 2000kg /m3. Water absorption at normal conditions is maximum 6%
per weight. Lastly, its chemical composition is more than 99,5% aluminum oxide (Al2O3)
with titanium dioxide (T iO2), consisting also from traces of SiO2,Fe2O3, M gO and N aO.
The specific heat capacity is 880J/kg /K [1].

3.2.2. Catalyst

As it has been thoroughly examined in the literature review there are numerous options for
the composition of the catalyst. It was decided for the present research to go with a nickel
based catalyst. The reasons are that nickel demonstrates higher catalytic activity compared
to other catalysts based on Magnesium (Mg), Iron (Fe) , Manganese (Mn), Cobalt (Co) or
Zinc (Zn) for example and, also, has a greater availability and abundancy compared to the
(more expensive) noble metals based catalysts. Those are Palladium (Pd), Rhodium (Rh)
and Ruthenium (Ru).

The exact composition of the catalytic pellets is Ni /Al2O3 (referred to as Ni /Al here-
after). So the support is Aluminum Oxide, similar to the Alumina Balls used. Probably
the most common support in nickel catalysts for methanation processes. It is widely re-
searched in academia and has been commercially and industrially applied for similar pro-
cesses in many occasions (nethanation of both CO and CO2). It reaches high activity values
at the temperatures applied in the current research. Which implies that it can be a solid
base to design a large scale (compared to previous researches [51][15]) sorption enhanced
methanation process, with a physical mixture of the catalyst and zeolites.

Moving on with Ni /Al2O3, as it has also been mentioned in the literature review, this
binary mixture of Nickel can be impregnated with a third metal to enhance the activity.
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So the end result would be a ternary mixture with Zirconia (Zr), Ceria (Ce), for example, or
some noble metal as the third metal option. But, that would increase the cost of purchasing
the catalyst and deviates from the main purpose of this research.

The catalyst was provided generously by "C&CS-catalysts & chemical specialties". A
German company specialized in preparation of catalysts and adsorbents and it is dedicated
in the specific market in Europe. The product’s branded name is "METH ©134". It consists
of spherical pellets of 3− 6mm (considered to be close to 5mm, after examining them).
The bulk or packing density is 800− 1000kg /m3. From some basic (weight and volume)
lab experimentations the density was calculated to be closer to 800kg /m3. The chemical
composition as given by the manufacturer is 20−25% Nickel monoxide (NiO), 5−10% Cal-
cium oxide (CaO), with the rest being Aluminum oxide (Al2O3). Based this composition the
specific heat is calculated as 771J/kg /K . The product is inert upon arrival from the man-
ufacturer, since it is in NiO form. The purpose for that is to be stable and easier to handle.
So it should be activated (reduced) before usage. A process that is described onwards. To
conclude this product is optimized for carbon monoxide and carbon dioxide methanation
making a solid foundation for exploring the possibilities of sorption enhancement.

3.2.3. Sorbents

For the sorption of vapor formed from the reaction, it was decided to work with zeolites. A
known group of microporous adsorbents in the industry, that come from crystalline metal
aluminosilicates. They were favored over different types of physisorption materials due
to their ability to adsorb vapor at high temperatures, without, also, thermal cracking or
collapse of their structure.

Two different types of zeolites were used in the current research. Those are zeolite 3A
and zeolite 4A. Below follow their specifications.

Molecular sieve 3A

The specific type of zeolites has a high affinity for water and ammonia. So it is suitable for
dessication of petroleum cracking gas and alkenes and purification of natural gas among
others [8]. Thus it is considered to be a product dedicated for the present research.

The zeolite 3A-product used in this case consists of spherical pellets of an average di-
ameter of 3,2mm. The bulk density is calculated close to 725kg /m3. The specific heat of
this product is unknown, together with its specific composition.

Molecular sieve 4A

In the case of zeolite 4A it, also, has affinity towards carbon dioxide besides water. But,
due to its hydrophilic nature (polarity of water is larger than CO2) and the smaller kinetic
diameter of H2O to CO2 (2,65A to 3,3A) the competitive adsorption between CO2 and H2O
leans towards the later. Generally, it is also used for dehydrating liquid and gas streams,
based on manufacturers reports [8]. In addition, in researches of molecular sieves 3A and
4A a similar adsorption capacity and selectivity to water has been recorded [10],[16]. This
is observed as well in similar studies of sorption enhanced methanation reactions [51]. So,
it can be safely assumed that the adsorption of H2O on zeolite 4A will be successful.

The zeolite 4A-product used for the experimental work was purchased from "C&CS-
catalysts & chemical specialties". It is in spherical form with a diameter of 1,6−2,5mm (on
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Table 3.2: Composition of Molecular Sieve 4A. As given by manufacturer.

Magnesium Oxide <5%
Aluminum Oxide <30%
Sodium Oxide <33%
Amorphous Silicon Dioxide <50%

average it is considered to be 1,6mm). The bulk density of the product is 700(±50)kg /m3

and calculated also close to 725kg /m3. The melting temperature is below 1000◦C as given
from the manufacturer and can reach 600◦C without any affections to its adsorbing ability.
The composition as given from the manufacturer is included in table 3.2.

3.3. Experiments

The experiments performed in this research can be separated in two major groups. The
first group refers to the experiments performed only with the catalyst and the Al2O3 pellets
present in the reactor. In the second group of experiments, zeolites were included in the
reactor’s bed together with the catalytic pellets.

Before performing each series of experiments there is a procedure that must be fol-
lowed. That procedure regards the activation of the catalyst, plus the regeneration of the
zeolites for the second series of experiments. In addition, before each individual experi-
ment a pretreatment of the catalytic bed is performed as well. All those steps are explained
in detail in the following sections.

3.3.1. Experiments with catalyst

The 1st series of experiments is aimed in the characterization of the catalyst and specifi-
cally, in its activity. The goal is to determine its performance for different temperatures and
in the same conditions that the catalysts-zeolite bed is evaluated.

Regarding the conditions mentioned. The goal of this research as it has been stated
before is to evaluate the sorption enhancement of the methanation reaction with a physical
mixture of zeolites and catalyst. In order to realize that there should be enough amount of
zeolite present, compared to the pellets of catalyst to accommodate the vapor produced by
the reaction. So it was decided to add 5 times more molecular sieves by mass compared to
the Ni /Al2O3 particles. That corresponds to an approximately similar analogy per volume.
Since the bulk densities of those products (catalyst and zeolites) are close. This analogy was
calculated based on a minimum adsorption time of 10 minutes. Specifically, the amount of
zeolite used was determined based on an average of 2% gH2O/gzeol capacity, on the amount
of water produced (complete conversion of reactants) and on an adsorption time of 10 min
(for the maximum experimental flow).

Hence, for the catalyst characterization experiments the catalytic bed was diluted with
5 times more Alumina balls per volume compared to Ni /Al , in order to assure a similar
GHSV as in the experiments with Ni /Al −Z eol i tes.

Based on that volumetric analogy the catalytic bed was designed and its specifications
are included in table 3.3.
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Table 3.3: Catalyst/alumina oxide bed

Mass(kg)
Bed

Height(m) Diameter(m) Volume(mL)
Catalyst 0,042

0,161 0,052 342
Aluminum oxide 0,580

Table 3.4: Flow characteristics of 1st series of experiments

Flow (L/min) GHSV (total bed)(1/h) GSHV (Ni/Al volume)(1/h)
N2 4

921 6000H2 1
CO2 0,25

The reactor is split in three segments. The first one from the bottom to the top regards
the tripod that supports the bed and it is 15cm. The second segment is the bed and it is ap-
proximately 16cm and the last part at the top is 14cm and is filled with Al2O3 balls. The two
differents spherical pellets inside the bed (catalyst and aluminum oxide) were physically
mixed and poured inside with the aid of a funnel. Generally, material segregation isn’t con-
cerned an issue. Firstly, because the materials were handled cautiously. Secondly, nickel is
embedded on alumina and prepared by the manufacturer to be used even in fluidized bed
settings. So, an "escape" of nickel is considered non-existent.

Those alumina pellets define a major role in the physics of the flow and the reactor.
The gases enter from the top of the reactor, so they pass through the pack of alumina balls
first. That pack helps in mixing the gases, increases the length of the porous bed in or-
der to achieve a plug flow (increase the ratio of length to diameter for securing plug flow)
and last but not least enhances the preheating. Alumina oxide has a thermal conductiv-
ity of approximately 30W /(m ∗K ), 60 times more than nitrogen in similar conditions. So,
without them the gases would never reach and stabilize around the wanted experimental
temperature in each run.

The composition of the reactor for the first series of experiments is depicted in figure
3.4.

Regarding the flow of gases, it was chosen 75% of the total volumetric flow to be com-
posed of Nitrogen. The reasoning behind that was to constrain the temperature rise inside
the reactor due to the heat release from the highly exothermic methanation of CO2. So the
process could be considered relatively adiabatic.

The flow composition and Gas Hourly Space Velocity (GHSV), for the whole volume of
the bed and the volume occupied only by the catalyst, are shown in table 3.4. The reason for
using this composition was the maximum acceptable temperature rise inside the catalytic
bed due to the exothermicity of the reaction. The calculation of the temperature rise (for
that composition) can be seen in chapter 4.2.1.

The specific flow was applied for multiple temperatures in the range of 200−380◦C with
increments of 20◦C. For each temperature the flow was continuous and stable for 40 min-
utes. Measurements were taken by the Gas Chromatography equipment every 4 minutes.
At the 10th measurements the experiment stopped and the reactor was left with a flow of
pure Nitrogen to clear out.

Prior to the experiments the catalyst must be activated. This process is analyzed be-
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Figure 3.4: Reactor composition-1st series of experiments
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low. After activation the catalyst performed without any reduction in its activity throughout
each group of experiments.

Procedure of activating the catalyst

After loading the reactor with the combination of catalyst-alymina oxide, the bed has no
activity, since the catalytic pellets are inert. That is because the catalyst is delivered by the
company in a nickel oxide form (NiO/Al2O3). Oxygen must be removed and get activated
Nickel (Ni /Al2O3).

In order to remove the molecule of oxygen from NiO, hydrogen must be provided in the
system at elevated temperatures. The following reactions occurs and the process is named
reduction of NiO to Ni:

NiO +H2 → Ni +H2O (3.1)

Before passing hydrogen the reactor is left over night at 130◦C with a flow of 0,2Ln/mi n
of N2 to remove completely the humidity, oxygen and any other residue. After securing
an inert and dehydrated environment inside the reactor, hydrogen starts to flow together
with nitrogen and the temperature increases with a rate of 65◦C per hour. The gas flow
consists of 5Ln/mi nN2 −0,2L/mi nH2 and the H2 reaches gradually a maximum flow rate
of 0,4Ln/mi n.So, again, every one hour the temperature was increased together with the
hydrogen content until the maximum limit is reached for both. So when the temperature
inside the reactor gets up to 385◦C, the process is kept steady for at least 2 hours to reassure
the removal of all the bonded oxygen. After the reduction of the catalyst a stream of pure
N2 is passed through the reactor to dehydrate complete the catalytic bed.

3.3.2. Experiments with the combination catalyst/zeolites

After the 1st series of experiments and the characterization of the catalyst, followed the
experimental sorption enhanced methanation of CO2.

As it has been stated before, the design of the bed was made with the principle of 5
times more zeolite than catalyst to accommodate the vapor produced by the reaction. Hav-
ing that in mind the same procedure was followed as in the previous series of experiments,
with the only difference that the catalyst was diluted in the bed with zeolite instead of alu-
minum oxide pellets. Thus, the same as before amount of catalyst was used and it was
mixed physically with 5 times more (per volume) zeolites. Then this mixture was poured
inside the reactor.

Hereby, follows the table (table 3.5) with the characteristics of the bed for the second se-
ries of experiments. It should be noted that the same amount of molecular sieve 3A and 4A
was used during the two different experiments. Because the two products have essentially
the same bulk densities. Also, another reason behind that was to have comparable results
of their performance on this process.

The composition of the reactor for those experiments is depicted in figure 3.5.
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Table 3.5: Catalyst/zeolites bed

Mass(kg)
Bed

Height(m) Diameter(m) Volume(mL)
Catalyst 0,042

0,161 0,052 342
Zeolite 3A-4A 0,210

Figure 3.5: Reactor composition-2nd series of experiments
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Activating catalyst and regenerating zeolites

After filling the reactor with a fresh amount of catalyst and zeolite (both for 3A and 4A),
the same procedure is followed as before to activate the catalyst (see chapter 3.3.1). At
the end of the reduction of the Ni /Al2O3 particles, the reactor is flooded with the same
flow of Nitrogen (5 L/min) and hydrogen (0,4 L/min) for 4 hours, at the maximum tem-
perature, in order to reassure the best possible dehydration of the molecular sieves. The
maximum temperature for the case of catalyst/zeolites was recorded at 380◦C , compared
to the 385◦C of Ni /Al2O3-Al2O3. It is essential for the success of the experiments to have
a completely activated and dried out catalyst/zeolite pair, since at elevated temperature
the capacity of zeolites is already very low (1− 4%). Compared to their capacity at room
temperature(around 20%).

It should be mentioned, that for dehydrating zeolites one can either perform a pressure
swing (reduce pressure below atmospheric, via vacuum) holding the temperature constant
or increase the temperature high enough until complete dehydration. In this way full de-
hydration of zeolites is reassured. In both cases flow of a dry inert gas is necessary. Unfor-
tunately there are not definite data of maximum temperatures at atmospheric conditions
for the complete dehydration of zeolites. Also, no generally accepted procedure of regen-
erating zeolites 3A and 4A is available. In one study ([31]) the performance of 3A and 4A
in dehydrating aliphatic alcohols is examined. It is mentioned in this study that for the re-
generation of 3A and 4A temperatures of up to 400◦C and 500◦C , respectively, are needed.
But, no pressure condition is mentioned. Also, it could be that zeolite 4A had adsorbed a
percentage of alcohols and, thereby, needed higher temperatures for its regeneration. In
another study ([47]) for zeolite 3A (on fixed bed-near adiabatic reactors like the present
study), a regeneration temperature of 240◦C was applied. But, at absolute pressure of less
than 0,1bar . In addition it was mentioned that above 270◦C the adsorption capacity of 3A
is reduced. This statement conflicts with other researches that claim that only above 500◦C
the adsorption capacity of zeolites is reduced. Other similar sorption enhanced studies
([51]) applied temperatures of up to 450◦C or even more ([13], [15]). Thus, in the present
study complete dehydration of zeolites cannot be assumed, with the process followed and
the maximum temperatures applied.

Molecular sieve 3A−Ni /Al2O3

The first experiments were performed with the combination of nickel-zeolite 3A. There are
limited to none data in academia regarding the behavior of zeolites in elevated tempera-
tures. So it was decided to perform the same cycle of experiments (similar temperatures
and volumetric flow rates) as in the Ni /Al2O3-Al2O3 bed, performed prior. In that way it
would be possible to detect the operational temperature limits of the zeolite and the level
of enhancement it provides at each temperature.

So the 9 experiments were performed from 200−360◦C with increments of 20◦C. At table
2.3 the flow composition can be seen together with the GHSV.

After those experiments it was decided to investigate the change in the conversion rates
if one of the products of the reaction is included in the inlet stream. So one experiment was
performed at 240◦C with the same GHSV as before and same H2/CO2 mass flow, but the
majority of N2 was exchanged for C H4. The flow values are enclosed in table 3.6.
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Table 3.6: Experiment with presence of CH4 as inlet, zeolite 3A

Flow (L/min) GHSV (total bed)(1/h) GSHV (Ni volume)(1/h)
N2 1

921 6000
H2 1

CO2 0,25
CH4 3

Table 3.7: Flow characteristics for the minimum volumetric flow rates

Flow (L/min) GHSV (total bed)(1/h) GSHV (Ni volume)(1/h)
N2 1,6

368 2400H2 0,4
CO2 0,1

With the previous set of experiments knowledge was gained regarding the performance
of the pair nickel-zeolite 3A at each temperature. The next step was to apply the minimum
GHSV the setup could handle (on the same catalytic bed) to observe the change in the
conversion rates of the reactants. Explicitly, by reducing the flow of reactants the residence
time is increased and the amount of vapor produced is decreased. This could lead to higher
conversion rates than before.

In order to have relatable results with the ones at higher GHSV, the composition of the
inlet gases was kept the same. Only the volumetric flow rates were reduced to the mini-
mum.

The flow rates applied (together with the new GHSV) are included in table 3.7.

Molecular sieve 4A−Ni /Al2O3

After completion of the experiments with the pair catalyst-zeolite 3A, the reactor was emp-
tied and loaded with a fresh amount of catalyst and zeolite 4A this time. Again the same
procedure was followed for activating the catalyst and regenerating the zeolite.

To be able to compare the two different types of molecular sieves the same experiments
should be performed in both. So 4 experiments were realized at 240,260,280,300◦C, with
the same flows as in table 3.6.

Lastly, 2 experiments were realized at 260 and 280◦C with the composition of CO2 and
H2 kept the same and the addition of methane in the inlet. The flows applied are included
in table 3.8..

As it can be noticed the same GHSV was chosen as the previous experiments. This is the
minimum defined by the mass flow controllers capabilities. The purpose was to achieve

Table 3.8: Experiment with CH4 as inlet and minimum flow rates, zeolite 4A

Flow (L/min) GHSV (total bed)(1/h) GSHV (Ni volume)(1/h)
N2 0,5

368 2400
H2 0,4

CO2 0,1
CH4 1,1
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again the maximum conversion possible (for this combination of 4A-Ni) and have an im-
mediate result for the influence of methane (as an inlet gas) in the performance of the pro-
cess.

Molecular sieve 4A−Ni /Al2O3 2,5mm in size

The next combination of materials that was utilized in the experimental procedure was
again zeolite 4A and Ni pellets. But in this case the Ni pellets were reduced in size. The
purpose was to increase the proximity of the catalytic sites to the adsorbents surface. The
meaning and importance of proximity is analyzed in the following.

Catalysis occurs in a length scale of nm inside the catalyst’s pores and the diffusion
length of the molecule’s gas to the catalytic sites. In order to have an estimation of the
length scale of catalysis, we calculate the mean free path [6] of carbon dioxide for the
present experimental conditions.

λ= RT

2−2πd 2NAP
(3.2)

In equation 3.2, T refers to the temperature, R to the gas constant, d to the kinetic diam-
eter of CO2 (3,3 angstroms) and H2O (2,65 angstroms), NA to the Avogadro’s number and
P to the pressure. For 300◦C and 1 bar the mean free path is 86nm for CO2 and 133nm for
H2O. Hence, when the two material (Ni and zeolities) are physically mixed with each other,
the length scale between them is constituted by their size, in this case mm. Thus only a
small fraction of adsorbing surface is close to the catalytic sites of Ni to actually enhance
the reaction. Essentially, this is proximity. The amount of the adsorbent’s surface that is
inside the diffusion length of the catalytic sites. By reducing in half the size of the catalyst
and mixing them again in theory that amount should double.

So, a large amount of Nickel pellets was crushed in a mortar. The resulted Ni particles
were sieved and the powder was removed keeping the rest of the material. From this ma-
terial 42g were used for the new bed together with 210g of zeolite 4A. Amounts identical to
the previous experiments. The average size of the Ni particle used were approximately half
of the initial size of the pellets. So, close to 2,5mm. The technical difficulties in reducing
the size of the catalyst is that the outcome is in amorphous shape and one can only so much
reduce the size before resulting in a powder like material. A representation of the old and
new Ni /Al2O3 particles (5mm and 2,5mm) can be seen in figure 3.6. The contact points
between the catalyst and zeolites are increased due to the reduction of their size.

Four experiments were performed with this bed. Two at 260◦C and two at 280◦C . The
flows chosen are same as before and are depicted in tables 3.7 and 3.8. The results are
presented in chapter 5.

In this point it should be mentioned that all the necessary safety precautions were taken
when handling toxic materials like nickel. Mask, safety glasses, disposable gloves and lab
coat was used. Vacuum was used when crushing the particles so no nickel particles would
be inhaled. Afterwards all the surfaces were sanitized.
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5

2,5 2,5

Figure 3.6: A representation of the old and new catalytic particles and their interaction with the zeolite pellets
(numbers in mm)
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Molecular sieve 4A−Ni /Al2O3 1mm in size

With the purpose of exploring, furthermore, the possibilities from reducing the size of the
catalytic pellets, a set of experiments with an even smaller particle size was performed.
In this case the Ni /Al2O3 particles were reduced in size with higher precision. A larger
amount than before was smashed in a mortar. Onwards different sizes of sieves were ap-
plied on this mixture resulting in a more uniformal group of amorphous particles with
a minimum size of 0,71mm and maximum of 1,5mm. The average size of the resulted
Ni /Al2O3 was close to 1mm. On eye they were significantly smaller than the zeolite 4A
which was paired with (1,6mm in diameter).

Once more 42g of the resulted catalyst and 210g of zeolite were weighted and combined
to form the new bed. In this occasion though a problem was detected when combining the
two material together in a glass volumetric container. Specifically, after stirring the mixture
the bulk of Ni /Al2O3 particles resulted at the bottom of the vessel, due to their smaller size
and higher density compared to zeolite 4A particles. Regardless of the time put in mixing,
when the pair was poured in the reactor spots of high concentration of Ni /Al2O3 were
created leading in a non uniformal bed. Expecially, compared to the previous combination
of 2,5mmNi /Al2O3-Zeolite 4A, where uniformity was achieved. This phenomenon could
possibly affect the conversion rate of the reactants, as it can be seen in the results (chapter
5).

To conclude, four pairs of zeolite-Ni /Al2O3 were deployed. Those are zeolite 3A-Ni /Al2O3,
zeolite 4A-Ni /Al2O3, zeolite 4A-2,5mm Ni /Al2O3 and zeolite 4A-1mm Ni /Al2O3. The
combinations can be seen in the following images (fig. 3.6, 3.7, 3.8 and 3.9).
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Figure 3.7: Combination of zeolite 3A/Ni

Figure 3.8: Combination of zeolite 4A/Ni
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Figure 3.9: Combination of zeolite 4A/2,5mm Ni

Figure 3.10: Combination of zeolite 4A/1mm Ni





4
Modelling and calculations

This chapter is devoted in the calculations and modelling performed prior the experiments.
The goal was to predict, based on thermodynamics, the progression of the present synergistic
process and set the goal (partial pressure of water) for the optimum results. Also, approxi-
mate on hand the pressure drop and temperature rise inside the catalytic bed.

4.1. Pressure Drop in the Reactor

Upon designing the experimental procedure, the composition of the catalytic bed and the
reactor in total, it should be reassured that the pressure drop would be in an acceptable
range of values. An elevated pressure drop would affect the heat and mass transfer inside
the reactor, leading in ill defined experimental conditions. But most importantly would
influence significantly the performance of the catalysis and the sorption abilities of the
pair of molecular sieves (3A and 4A). Because both processes (reaction and sorption) are
favored by elevated pressure and affected negatively by pressures below the atmospheric.
Since, the current research is performed in close to atmospheric conditions, pressure drops
of more than 0,1bar must be avoided.

In order to calculate the pressure drop for the present case study, Ergun’s Equation for
flow inside packed beds was deployed.

∆P

L
= (150∗µ∗ v)

D2
P

∗ (1−ε)2

ε3
+ (1,75∗ρ∗ v2)

DP
∗ (1−ε)

ε
(4.1)

The section of the reactor examined was that between the two pressure sensors, which
included the catalytic bed and part of the Al2O3 pellets. The length is approximately 20cm
and the fluid properties regard CO2 at 1bar and 300◦C . The pressure drop was evaluated
for porosities of 0.2,0.3 and 0.4 and for the experimental volumetric flow rates of 2.1 and
5.25L/mi n.The results are presented in fifures 4.1(a), 4.1(b) and 4.1(c).

As it can be seen from the graphs, even in the worst case scenario the pressure drop is
negligible.

33
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(a) Pressure Drop/por 0.2 (b) Pressure Drop/por 0.3

(c) Pressure Drop/por 0.4

Figure 4.1: Pressure Drop for various porocities and flow rates. All pressures are in bar

Pressure difference results
The above mentioned calculations are consistent with the readings from the pressure sen-
sors. Those sensors recorded pressures of up to 3 decimals of 1 bar and the readings showed
maximum differences of 0.001bar between them. That results are for the maximum flow
rate of 5,25L/mi n. That number of pressure drop is even smaller than the uncertainty of
the equipment so the pressure drop is negligible and the porosity is thus considered around
0.3-0.4.

4.2. Thermodynamics of the reaction

Moving on with the calculations regarding the progression of reaction with temperature
at atmospheric pressure conditions. Due to lack of kinetics for the present Nickel cata-
lyst, the conversion rate of the reactants will be calculated based on the thermodynamic
equilibrium data of the reaction. In order to detect the actual activity (conversion rates of
reactants) of the present Ni /Al2O3 catalyst a set of experiments was performed (analyzed
in chapter 2.3.1).

4.2.1. Aspen model
For examining the reaction thermodynamically a model was constructed in the software
AspenPlus. The model consists of a Gibbs Reactor module, as it can be seen in figure 4.2.

The reactor was designed based on the experimental conditions. So the pressure of the
reactor was set at 1bar and the composition of the inlet stream was 76,19%N2,19,05%H2

and 4,76%CO2.
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Figure 4.2: Gibbs Reactor model in AspenPlus

Based on the heat duty calculated from Aspen Plus the adiabatic temperature rise was cal-
culated. For the gas phase of the reactor and the experimental composition of gases, this is
663K for one batch of gases at 300◦C . But the reactor consists of 30% gases (based on a 0.3
porosity) and the rest consists of solid, packed pellets (Ni /Al2O3, Al2O3 and zeolites). Tak-
ing into consideration the thermal capacity of alumina oxide,which is the lowest among the
three (so the highest possible temperature rise), and for the highest experimental flow rates
(GHSV=921), the temperature rise is no more than 22◦C for a continuous experimental op-
eration of 1 hour. Which is an acceptable rise (inside the operating range of the reaction)
and the process could be considered adiabatic. It should be mentioned that this calcula-
tion is an approximation of the worst case scenario. The expected rise should be less. The
code regarding those calculations is included in the Appendix (chapter A.1).
Indeed the temperature rise recorded by the sensors (during the experiments) was lower
than the one predicted above. The maximum rise was recorded at the experiments with
the zeolite 4A where the maximum of conversion was achieved (close to 100% conversion)
and the rise was approximately 15◦C .

Moving on with the conversion of the reactants as calculated via Aspen Plus. A sensitiv-
ity analysis was performed on the conversion of CO2, at 1 bar pressure of the reactor, for
multiple temperatures and the previously mentioned composition of the reactants. The
results are plotted in figure 4.3.

As it can be seen in that graph the conversion starts decreasing from 120◦C and on-
wards. The value of conversion at 400◦C is being marked on the graph (77,08%). The pur-
pose of that is to have a direct comparison with the conversion as calculated in the next
section (data from the software Factsage).

Moving on with the next sensitivity analysis. In this case the same variation of temper-
ature occurred but for several different values of pressure of the reactor. Again, the com-
position of the inlet gases to the reactor was kept the same as in the experiments (always
stoichiometric analogy between the reactants). The results are plotted in figure 4.4.

It can be easily noticed that pressure influence immensely the performance of reaction.
For elevated pressures the conversion rises significantly. Hence, the reason why usually
industrial applications for the methanation of CO and CO2 take place at reactors of more
than to 20bar of pressure [46], to ensure high conversion rates of reactants and high purity
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Figure 4.3: Theoretical Conversion of CO2

Figure 4.4: Theoretical Conversion of CO2, for different values of pressure, as calculated from AspenPlus
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Figure 4.5: Theoretical Conversion of CO2, for different values of pressure, as calculated from Factsage

of methane.

4.2.2. Calculations based on Factsage

The equation of the chemical equilibrium constant of the Sabatier Reaction is the following:

K = 4x3(5−2x)2

(1−x)(4−4x)4
(

Ptot

Pr e f
)−2 (4.2)

In equation 4.2, K refers to the equilibrium constant and x to the conversion of CO2.
The derivation of this relation is presented in chapter A.2 of the Appendix.

Using this equation by applying the equilibrium constant’s values for several tempera-
tures and solving for x, the conversion again is calculated for 5 different reactor pressures.
The K values where extracted from the software Factsage for the Sabatier Reaction. The
results for all 5 pressure levels are included in one plot (fig 4.5) and the Matlab code for that
is included in the Appendix (chapter A.3)

On figure 4.5 the conversion of CO2 is marked for 1 bar of pressure at 400◦C . This
value is close to 86% and it is 9% higher compared to the one from figure 4.4 at the same
conditions. The conversion rates calculated from the K values of Facsage are consistent
with the ones given from literature [32]. The difference between the theoretical conver-
sion from AspenPl us and from F act sag e can be only attributed in their thermodynamic
data. F act sag e must have updated values of Gibbs free energy, different from those of
AspenPl us. Therefore all of the following calculations and modelling are based on the K
constants from Factsage.
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Figure 4.6: Gas composition in mols as a function of temperature

With the purpose of having an indication of the temperature range where carbon monox-
ide appears in the balance of compounds a sensitivity analysis was performed. An inlet of
1 mol CO2 and 4 mol of H2 was given in Factsage and the progression of mols was recorded
for a range of temperatures. The results can be seen in figure 4.6.

It can be noticed that CO appears for temperatures well above the range applied in the
experiments. Hence, it will be neglected in all the calculations applied and it isn’t expected
to be formed during the experimental procedure.

Last but most important is the influence of the vapor (produced by the reaction) in the
conversion of the reactants. As it has been mentioned previously the goal of this research
is to investigate (via the Le Chatelier’s principle) the influence of vapor on the reaction.
Specifically, by removing vapor in situ enhances the conversion rate of the reaction. The
way to quantify this phenomenon is via partial pressure of vapor. So by reducing the partial
pressure of vapor the consumption of CO2 and H2 rises together with the production of
C H4. The equation demonstrating this is the following.

K =
x( PH2O

Ptot
)2(5−4x)4

(1−x)(4−4x)4(1− PH2O
Ptot

)4
(

Ptot

Pr e f
)−2 (4.3)

It is the equation of the chemical equilibrium constant modified for the partial pressure
of vapor. The derivation of this relation can be seen in chapter A.4 of the Appendix.

A sensitivity analysis is performed using equation 4.3. By inserting the values of K as
taken from Factsage for different temperatures and for different partial pressures of water
the conversion rates of H2 are plotted (the overall pressure of the reaction is held at 1bar).
The Matlab code for the following (fig 4.7) is enclosed in chapter A.5 of the Appendix.
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Figure 4.7: Influence of PH2O in conversion of H2

It can be seen, from figure 4.7, that if the partial pressure of vapor is reduced enough,
close to 100% conversion of the reactants can be achieved. Without having to increase the
overall pressure more than the atmospheric. Hence, keeping the costs of the process down.

Based on the Natural Gas Grid specifications of Netherlands [9] the maximum accept-
able content of CO2 and H2 in natural gas for commercial use is 3%mol and 0,03%mol ,
respectively. So the limiting compound in this case is the Hydrogen content.

For 99,7% conversion of H2 the partial pressure of water at 260◦C and 280◦C is around
0,055bar and 0,045bar respectively. Based on equation 4.3.

4.3. Thermodynamics of Sorption

After modelling the thermodynamics of the reaction and setting the goal for the desired
conversion rates of H2, we continue with the thermodynamics of the sorption part of the
process.

The link between the main two phenomena that occur inside the reactor (catalysis and
adsorption of vapor on the zeolites) is the partial pressure of vapor. Zeolites adsorb vapor
inside their large internal surface area, thus reducing the partial pressure of vapor on the
reactor and on the catalytic sites of Ni /Al2O3 particles and drive the reaction to the right
side (of the products).

Physisorption, in contrast to chemisorption, is a dynamic process. In chemical adsorp-
tion for a specific temperature and pressure, sorption of H2O is a steady state process with a
certain equilibrium constant (similar to a chemical reaction). In physical adsorption, keep-
ing the temperature constant the partial pressure of the vapor increases as the capacity of
the adsorbent reduces. Moreover the capacity of zeolites to water depends on temperature.
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At elevated temperatures the available capacity reduces, until zeolites lose their ability to
adsorb water above a maximum value of temperature. The reason behind this is that ph-
ysisorption is constituted by Van de Waals forces, as it was mentioned in chapter 2.3. Van
de Waals forces change constantly for different temperatures, pressure and water content
inside the zeolites.

The way to link in this case the partial pressure of water with temperature is through a
Van’t Hoff relation [35].

ln(
PH2O

Ptot
) =−∆H

R
∗ 1

T
+ ∆S

R
(4.4)

On the left side of the relation (eq. 4.4) is the partial pressure of vapor. In a Van’t Hoff
equation normally inside the natural logarithm is the equilibrium constant. But because
in this case occurs only the adsorption of vapor, the equilibrium constant is equal to the
partial pressure of vapor (eq. 4.5). Equation 4.5 refers to an ideal gas behavior of water
vapor. If non ideal behavior was considered then the pressure must be exchanged with
activities, making the calculation of Keq more intriguing.

It should be mentioned that the adsorption of CO2 on the zeolites is neglected. The rea-
son is that the competitive adsorption of CO2 and water vapor on zeolites leans completely
towards the latter. The zeolite is fully capacitated with water before adsorbing any CO2.
This is been research with zeolite 13X in Joos et al. [36].

K = PH2O

Ptot
(4.5)

The right hand side of equation 4.4 includes the enthalpy and entropy change together
with temperature. The term of entropy can be considered constant since entropy is linked
to the nature of water. But the change of enthalpy isn’t constant. The heat of adsorption
(which is represented by the enthalpy difference) changes with a variation of the capacity

of zeolites. Thus, linear relations of constant capacity can be formed between ln(
PH20

Ptot
) and

1
T . These lines are called isosteres and are used to predict the temperature or pressure for
different capacities of the zeolites.

In order to obtain these isosteres, experiments should be performed for each type of
different zeolites. The reason is that there are limited to none data regarding the capacity
of zeolites for the elevated temperature range that this research is focused upon. Only a
few data were obtained by prior research and are included the in graphs presented in the
current section.

Zeolite 3A

For the case of zeolite 3A data from two different sources were used. One academic research
of Gabrus et al [31]. and one product report of a molecular sieve manufacturer and distrib-
utor (Grace 2010 [24]).The isosteres plotted from those data are enclosed in the figures 4.8
and 4.9.

In the first graph (figure 4.8) the isosteres of 1% and close to 0% calculated based on
data extrapolated from the isosteres of higher capacity.

The dotted vertical lines in both graphs replicate the operational lines of the present
process. Explicitly, they are the range of acceptable partial pressures of vapor (values for
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Figure 4.8: Isosteres of 3A and operational lines of the present process

Figure 4.9: Isosteres of 3A and operational lines of the present process
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Figure 4.10: Isosteres of 4A and operational lines of the present process

which the hydrogen content in the outlet will be less than 0,03%mol ). Their upper limit
is l n(PH2O) = 1,70475 (in kPa) for 260◦C and ln(PH2O) = 1,50408 (in kPa) for 280◦C . Those
are the 0,055bar and 0,045bar limits calculated in the previous chapter. Thus, the exper-
imental process should initiate when the zeolites are fully dehydrated and stop when the
capacity ,that corresponds to the acceptable limits of partial pressure of vapor, is reached.

The data from those two sources can be considered relatively consistent with each other
and prove that the process can be theoretically viable (with zeolite 3A) in the temperature
range that this research is focused on.

Zeolite 4A

Next follow the isosteres of zeolite 4A. Plotted from data extracted from two sources. An
academic research on the use of zeolites on heat pumps (Tatlier et al. [48]) and the same
report (as in zeolites 3A) of the manufacturer of molecular sieves (Grace 2010 [24]).

The horizontal straight line in both cases (figures 4.10 and 4.11) refers to the experi-
ments performed by Walspurger et al. Specifically for a constant pressure of 0,039bar (be-
low the upper operating limits of the present work) the capacity of zeolite 4A was measured,
at 200◦C , 250◦C and 300◦C . In all three cases the capacity was well above 2% of gH20/g4A.
Unfortunately the data of Tatlier et al. contradict with that and demonstrate no capacity
at all at 260◦C and 280◦C . On the other hand the data from Grace 2010 go along with the
capacities as measured by Walspurger but the isosteres exhibit a wrong pattern. All three
isosteres diverge from each other (as the temperature increases) whilst they should con-
verge in order to be consistent with the theory [35].

Despite the fact that the data from literature in the case of zeolite 4A are conflicted, they
provide an indication of the capacity of 4A at the desired temperature range. The process
should be viable in the case of zeolite 4A as in the case of 3A.
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Figure 4.11: Isosteres of 4A and operational lines of the present process
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5
Results of experiments

This chapter presents the experimental results along with their interpretation. Firstly, the
series of experiments with the combination Ni /Al2O3 − Al2O3 were performed to determine
the activity of the present catalyst for a range of temperatures at atmospheric pressure. Sub-
sequently, the experiments with the combination Ni-Al/Zeolities followed. Initially, the pair
Ni /Al2O3 −3A was tested, followed by Ni − Al/4A. Lastly, the two combinations of grained
Ni /Al2O3 (2,5mm and 1mm average sizes) paired with zeolite 4A were tested.

Before introducing the results of the experimental work it should be mentioned that
those focus on the conversion rates of CO2 and H2. Selectivity towards methane is not pre-
sented since it is in every case 100%. The only possible by-products from this process would
be carbon monoxide and formation of solid carbon on the catalyst. Regarding carbon de-
position it occurs in temperatures above 600◦C [21] and it wasn’t formed, also, in similar
experimental studies with the same temperature range applied [51], [15]. Regarding CO,
as it can be seen in chapter 4.2.2 (figure 4.6), it is favored thermodynamically above 400◦C
and none of the GC measurements detected CO.

In order to verify that methane is the only compound formed from this process (to-
gether with H2O), the fraction yield of C H4 was calculated (actual yield/theoretical yield).
The graphs of yield of methane can be seen in Appendix A.7. Those graphs match the con-
version rates of H2 as calculated for the same experiments. Meaning that C H4 is the only
compound formed from CO2.

5.1. Experiments with Ni /Al2O3 − Al2O3
The first series of experiments was performed with the pair of Ni /Al2O3 − Al2O3. As it has
been mentioned previously the goal was to determine the activity of the catalytic pellets
provided by "C&CS-catalysts & chemical specialties", in the same conditions that the pair
catalyst/zeolites would be tested. Thus, the Ni /Al2O3 spherical pellets were dilluted with
Al2O3 balls to form the final bed. This bed was tested at the temperature range of 200−
380◦C with increments of approximately 20◦C . The results can be seen in figures 5.1 and
5.2 for the conversion of CO2 and H2, respectively.

Uncertainties of results
As it has been stated in Chapter 3 the temperature inside the reactor cannot be regulated
with high precision and the readings of the thermocouples vary constantly in a range of 4−

45
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Figure 5.1: Conversion of CO2, Ni /Al2O3 − Al2O3 (temperature range 200−380◦C ), (GHSV=6000, table 3.4)

Figure 5.2: Conversion of H2, Ni /Al2O3 − Al2O3 (temperature range 200−380◦C ), (GHSV=6000, table 3.4)
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5◦C . Hence, the horizontal uncertainty in the figures, which is 2%. The vertical uncertainty
of the figures is 4% in the case of CO2 and 2% in the case of H2. The first one has a higher
uncertainty than the latter. The reasons are twofold. One is the fact that CO2 is soluble
in water and it can be absorbed in the condensed vapor inside the second vessel. Due to
that solubility factor, the conversion rate can increase up to 0,5%. The second reason is
the relatively big deviation of the readings of CO2 (taken from the GC), from the average
value of experiment. This difference can be up to 1% of the conversion rate. The rest 2% (of
the vertical error bar) for both hydrogen and carbon dioxide is the uncertainties from the
overall equipments of the set up.

Moving on with results of those experiments. The maximum conversion of the reac-
tants is at 344◦C . For CO2 is 77% and for H2 is 74,6%. At 321◦C the conversion is 76,8%
and 74% respectively. The pattern followed by the conversion rates with temperature is the
expected one and the conversion rates are similar to those of other studies (with similar
Ni /Al2O3 catalysts)[51], [33], [42]. The conversion rates of carbon dioxide and hydrogen
should match precisely, since they flow inside the reactor in stoichiometry. But, they di-
verge due to the uncertainties analyzed above.

5.2. Experiments with Ni /Al2O3-zeolite 3A
The next series of experiments were performed with the combination of catalyst-zeolite 3A.
Two different GHSV were applied on this bed and the results are presented in the following
sections.

5.2.1. 6000 GHSV
The first experiments were performed with the same flows (GHSV of 6000) applied in the
combination Ni /Al2O3−Al2O3. The temperature range was again 200−360◦C , with incre-
ments of 20%. The temperature of 380◦C was rejected, because it was too high to observe
any influence of zeolites in the reaction. The purpose was to discover the range of tem-
peratures at which zeolite 3A influences positively the conversion. The exact experimental
temperatures may differ by a few degrees Celsius (up to 4◦C ) compared to the ones of the
experiments with catalyst/alumina. The reason is the difficulty in regulating with preci-
sion the temperature inside the reactor. Nevertheless, the comparison between the two
experiments provides a solid indication of the enhancement the sorption of vapor has on
the catalysis. This comparison is depicted in figure 5.5. Figures 5.3 and 5.4 include the
conversion of CO2 and H2 respectively.

One can clearly see an increase in the conversion rates at the range of 200−300◦C . Those
conversion values and their differences are enclosed in table 5.1.The 1% uncertainty in the
column with the differences is added due to the small variation between the temperatures
of two series of experiments.

One more experiment was performed with this combination of Ni /Al2O3-Zeolite 3A
and the same GHSV of 6000. The flow composition of reactants was kept constant but
the composition of N2 was reduced and C H4 was added instead. The flow’s details can be
seen in table 3.6 (chapter 3). The reason of this experiment was to detect the difference in
conversion due to the addition of one of the products in the inlet. So in essence apply the
reverse Le Chatelie’s principle compared to the one this research aims for with the sorption



48 5. Results of experiments

Figure 5.3: Conversion of CO2, Ni /Al2O3 −3A, (temperature range 200−360◦C ),(GHSV=6000, table 3.4)

Figure 5.4: Conversion of H2, Ni /Al2O3 −3A, (temperature range 200−360◦C ),(GHSV=6000, table 3.4)
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Figure 5.5: Conversion of H2, comparison between pure Ni /Al2O3 and Ni /Al2O3 −3A, (GHSV=6000, table
3.4)

Table 5.1: Corvesion of H2 for experiments with catalyst-alumina and catalyst-zeolite 3A

Temperature (in C)
Conversion rates of H2 (in %)

Ni /Al2O3 − Al2O3 Ni /Al2O3/3A Difference
200 5,72 13,18 +8 ±1
220 16,01 37,10 +21 ±1
240 38,42 54,66 +16 ±1
260 54,26 64,19 +10 ±1
280 64,35 70,41 +6 ±1
300 71,15 72,93 +2 ±1
320 74,06 73,19 -1 ±1
340 74,62 72,41 -2 ±1
360 72,60 70,19 -2 ±1
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Figure 5.6: Conversion of H2, Ni /Al2O3 −3A (temperature 240◦C ),(GHSV=2400, table 3.7)

of water.

The experimental temperature was approximately 242◦C and the hydrogen conversion
was 45%, whilst in the same experimental conditions with no methane as inlet the conver-
sion of hydrogen was 54,7%. As it was expected by adding C H4 the conversion of reactants
reduces. In this case by 9%.

5.2.2. 2400 GHSV
The next experiments, with the combination of catalyst-zeolite, 3A were performed under
lower volumetric flow rates than before. Specifically, a GHSV of 2400. That GHSV corre-
sponds to the lower possible flows that the mass flow controllers can regulate, whilst keep-
ing the composition of gases constant. By reducing the GHSV one can expect the conver-
sion rates to rise. This results from the increase of the residence time (more time for the
two phenomena to evolve) and from the reduced amount of vapor needed to be adsorbed
by the zeolites. The details of this flow of gases can be seen in table 3.7.

Generally, thereinafter all the remaining experiments are performed under the mini-
mum GHSV of 2400.

Three experiments were performed at the temperatures of 241◦C ,259◦C and 280◦. The
results can be seen in graphs 5.6, 5.7 and 5.8 respectively.

The graphs represent the progression of hydrogen’s conversion with time. The exper-
iment started at time zero and every 4 minutes GC was recording measurements (as ex-
plained in chapter 3). The first measurement at time zero is rejected because the GC’s inlet
is contaminated with gases from the previous measurements, thus it produces false results.
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Figure 5.7: Conversion of H2, Ni /Al2O3 −3A (temperature 260◦C ),(GHSV=2400, table 3.7)

Figure 5.8: Conversion of H2, Ni /Al2O3 −3A (temperature 280◦C ),(GHSV=2400, table 3.7)
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The dotted line in every graph represents the conversion of hydrogen, at the same temper-
ature, as calculated from the experiments with the combination Ni /Al2O3 − Al2O3. It is
placed there as a visual indication of the enhancement of catalysis due to the sorption of
vapor.

The maximum values for every experiment is 78,4%,83,9% and 87,8% for the 241,259
and 280◦C respectively. From the graph of 241◦C one can notice that the conversion ini-
tially rises until it reaches the maximum of conversion and subsequently it decreases grad-
ually. The decrease can possibly be attributed in the reduce of the capacity of zeolite 3A,
as the experiment proceeds. This increase in conversion would possibly be noticed also in
the experiments with 259◦C and 280◦C ,if the GC could provide measurements in smaller
time increments or if the first measurement (time zero) was valid.

5.3. Experiments with Ni /Al2O3-zeolite 4A
The experiments with catalyst and zeolite 3A where followed by the series of experiments
with the combination catalyst/zeolite 4A (Ni /Al2O3−4A). Those experiments were divided
into two groups. The ones with N2, H2 and CO2 in the inlet stream of the reactor and the
ones with N2, H2,CO2 and C H4 as an input to the reactor.

5.3.1. Experiments without CH4 as an inlet gas
First group of experiments was the one without methane in the inlet mixture of gases. It
was decided that the combination of catalyst-zeolite 4A should be tested in the same tem-
peratures as the pair catalyst/3A, to record its optimum operational range. Thus, four ex-
periments were performed at the temperatures of 239,261,279 and 300◦C (GHSV of 2400,
table 3.7). The results are plotted in figures 5.9, 5.10, 5.11 and 5.12 respectively. As before,
each graph encloses the conversion rate of the pure Nickel catalyst at the same tempera-
ture. Those are the dotted line in each graph.

In the case of the combination Ni /Al2O3 −4A a steeper pattern can be noticed com-
pared to the same graphs of Ni /Al2O3 −3A. Specifically, a longer and steeper delay is no-
ticed until the conversion rate reaches it’s maximum value. In the graphs of 3A the maxi-
mum is reached at the second measurements, in the graphs of 4A the maximum is achieved
at the third measurement. Also, one can notice that the first value of conversion for each
temperature (with 4A) corresponds to the conversion rate calculated from the experiments
with Ni /Al2O3−Al2O3. For example, at 240◦C the conversion with Ni /Al2O3−4A is 35,7%
and with Ni /Al2O3 − Al2O3 is 38,4%. At 260◦C is 54,6% and 54,2% respectively. This can
be interpreted as a delay in the initiation of vapor adsorption on 4A or, as a slower rate of
water adsorption by 4A compared to 3A. Although in the literature no apparent difference
(regarding adsorption rates) could be found between zeolites 3A and 4A.

After the maximum value of conversion in the graphs, the slope of reduction is also
significantly bigger compared to the slope in the pair Ni /Al2O3 − 3A. The main reason
behind this steeper reduction of conversion (in time) is the smaller available capacity of
zeolite 4A compared to zeolite 3A. But, as it can be seen in chapter 4.3 there is no apparent
difference in the capacity of the two zeolites at those temperature ranges. One can only
attribute this difference in the regeneration process. The temperature for the case of zeolite
4A wasn’t high enough to be fully regenerated. Verifying in this the way the founding of
study ([31]) (mentioned in chapter 3.3.2), that zeolite 4A needs higher temperatures than
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Figure 5.9: Conversion of H2, Ni /Al2O3 −4A (temperature 240◦C ),(GHSV=2400, table 3.7)

Figure 5.10: Conversion of H2, Ni /Al2O3 −4A (temperature 260◦C ),(GHSV=2400, table 3.7)
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Figure 5.11: Conversion of H2, Ni /Al2O3 −4A (temperature 280◦C ),(GHSV=2400, table 3.7)

Figure 5.12: Conversion of H2, Ni /Al2O3 −4A (temperature 300◦C ),(GHSV=2400, able 3.7)
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3A to be fully regenerated.
Nevertheless, the conversion (in the case of 4A) gets to much higher values. Those are

87,6%,92%,93,1% and 93% for 239,261,279 and 300◦C , respectively.
The differences in maximum conversion between zeolites 3A and 4A are up to 9,2% in

the case of around 240◦C . This difference is unexpected, since both types of zeolites are
hydrophilic and have recorded capacities of water of at least 2% in that temperature range
(see chapter 4.3). Moreover zeolites 3A and 4A are both used in the industry for drying light
hydrocarbons and more specifically natural gas [24], [2].

Thus, this difference can only be attributed to their particle sizes. Zeolite 4A is half in
size (diameter of 1,6mm) compared to zeolite 3A (diameter of 3mm). By decreasing the
size of the zeolites the proximity between the surface of the adsorbent and the catalytic
sites increases (referred to this topic in chapter 3.3.2). Which means that larger surface
of zeolites participate in the enhancement of the reaction. Hence, the higher conversion
rates.

5.3.2. Experiments with CH4 in the inlet stream
The pair of catalyst-zeolite 4A was also tested for its performance under the same GHSV of
2400 but with a product as inlet (C H4). The experimental temperatures applied were 262◦C
and 281◦C . The flows chosen can be seen in table 3.8. The results of the two experiments
are depicted in figures 5.13 and 5.14.

Generally, from the experiments with the current combinations (of catalyst-zeolite 3A
and catalyst-zeolite 4A) it has been found that the optimum operational range is 260 −
280◦C , close to the experimental temperatures of similar studies [15], [51], [13].

The conversion rates for the two experiments exhibit exactly the same pattern as before
but for lower values of conversion rates. The maximum conversion at 262◦C and 281◦C are
80,8% and 89,8% respectively.

5.4. Experiments with ground Ni /Al2O3 (2,5mm in size) and
zeolite 4A

After realizing the importance and influence the particle’s sizes have on the conversion
rates of the reactants, it was decided to reduce the size of the Ni /Al2O3 pellets.

As it has been referred to in chapter 3.3.2, using a mortar the nickel/alumina particles
are reduced to half their original size (on average 2,5mm). Those were paired with zeolite
4A to form the new catalytic bed. Zeolite 4A was chosen over zeolite 3A, due to it’s smaller
diameter and subsequently the higher conversion rates it succeeded when combined with
Ni /Al2O3.

The experiments are again grouped in two parts. The ones without methane as inlet
and the ones with methane in the inlet mixture of gases. Their results are presented in the
following sections.

5.4.1. Experiments without CH4 as an inlet gas
The experiments without C H4 were performed first. The exact temperatures were 261◦C
and 280◦C . The flows applied are enclosed in table 3.7. Figures 5.15 and 5.16 depict the
progression of these experiments and enclose (as before) the conversion of the pure cata-
lyst at the same temperatures.
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Figure 5.13: Conversion of H2, Ni /Al2O3 −4A (temperature 260◦C and CH4 in inlet),(GHSV=2400, table 3.8)

Figure 5.14: Conversion of H2, Ni /Al2O3 −4A (temperature 280◦C and CH4 in inlet),(GHSV=2400, table 3.8)
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Figure 5.15: Conversion of H2, Ni /Al2O3 2,5mm −4A (temperature 260◦C ),(GHSV=2400, table 3.7)

Figure 5.16: Conversion of H2, Ni /Al2O3 2,5mm −4A (temperature 280◦C ),(GHSV=2400, table 3.7)
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Useful conclusions can be extracted from the experiments. First and foremost the high
increase in the maximum conversion rates compared to the previous experiments (intact
catalyst/zeolite 4A). The conversion of hydrogen reached values of 97% at 262◦C and 98,2%
(constant for two consecutive measurements of 8 mins) at 281◦C . The reduction of the con-
version rates after those maxima had a similar slope as the experiments with the combina-
tion intact catalyst-zeolite 4A.

The conversion predicted by thermodynamics (as calculated in chapter 4.2.2) at 260◦C
and at 280◦C is 97% and 96%, respectively. Those values are depicted by the upper dotted
lines in both figures 5.15, 5.16 Which means, that with the sorption enhancement one can
reach and even break the barrier as set by thermodynamics. Also, this fact verifies the pre-
dictions made in chapter 4.2.2, for the influence of sorption of vapor, in the conversion of
reactants.

Another difference (compared to the previous experiments with 4A) appeared in the ini-
tial part of the experiment, before reaching the maximum conversion. The slope is signifi-
cantly steeper and the first recorded measurements correspond to lower conversion values
than before. One interpretation of this phenomenon could be the reduced catalytic activity.
After smashing the catalyst into smaller particles, it’s catalytic activity is possibly reduced
to lower values. Leaving the catalytic pellets intact was one of the contra-indications of the
manufacturer (in order to maintain the optimum activity of the Ni /Al2O3 pellets). This
can also be verified based on the justification used before. That the first measurements in
figures 5.10 and 5.11 correspond to the conversion rates of the Ni /Al2O3 − Al2O3 combi-
nation. Subsequently, the first measurements in those graphs (fig. 5.15, 5.16) could cor-
respond to the activity of the smashed nickel catalyst. Another reason could be that the
nickel particles were covered with impurities like dust.

Moving on with the comparison of the maximum conversion rates between the experi-
ments with 2,5mm Ni /Al2O3 −4A and with intact Ni /Al2O3 −4A. The difference of those
values can be seen in figure 5.17.

Only by reducing the catalyst from 5mm to 2,5mm the conversion increases by 6% in
one case and 5% in the other. This linear correlation can be used as a rough approximation
and show that below 1,5−2mm 100% conversion could possibly be achieved.

5.4.2. Experiments with CH4 in the inlet stream

The experiments with methane as inlet followed. The flow rates applied are enclosed in
table 3.8 and the experimental temperatures were 262◦C and 281◦C . The results are plotted
in figures 5.18 and 5.19.

The graphs are similar to the ones without methane as inlet. There curves are simply
shifted to lower values of conversion. The maximum values are 95,6% and 97,1% for 262◦C
and 281◦C respectively. Also, a comparison has been done (as before) between the two set
the experiments. The differences are plotted in figure 5.20.

The rise of the conversion in this case is even higher, being 7% and 15%. Again, a rough
prediction can be made via those linear correlations. So, for a particle diameter smaller
than 1,5mm 100% can be achieved for this flow rates.
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Figure 5.17: Conversion of H2, comparison between Ni /Al2O3 2,5mm−4A and Ni /Al2O3−4A, (GHSV=2400,
table 3.7)

5.5. Experiments with ground Ni /Al2O3 (1mm in size) and ze-
olite 4A

A last set of experiments was performed with the combination of zeolite 4A and catalyst. In
this case the catalytic pellets of Ni /Al2O3 were reduced to even smaller particle sizes than
before. The purpose was to evaluate the previously introduced linear correlation between
catalytic particle size and maximum conversion rates.

The average size of Ni /Al2O3 pellets was 1mm. This mixture was tested under the same
experimental conditions as before and the results are presented in the following sections.

5.5.1. Experiments without CH4 as an inlet gas
Firstly,the experiments without C H4 in the inlet composition are presented. The flow char-
acteristics can be seen in table 3.7. The temperatures, at which the catalytic bed was tested,
were 259◦C and 279◦C . The results are plotted in figures 5.21 and 5.22, together with the
conversion of pure nickel at those temperatures.

Useful information can be deducted by those graphs. To begin with the conversion rate
didn’t reach 100% as it was expected. The possible reasons for that are two. First, the lack of
uniformity in the bed, due to spots of high concentration of Ni /Al2O3 inside the bed with
zeolite 4A. This matter is been analyzed in chapter 3.3.2. The second reason is that, the
relation between maximum conversion rates and Ni /Al2O3 size, possibly is not be linear
as proposed previously.

So the maximum conversion rate is 98,5% at 259◦C and 97.6% at 279◦C . Those values
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Figure 5.18: Conversion of H2, Ni /Al2O3 2,5mm − 4A (temperature 260◦C and CH4 in inlet),(GHSV=2400,
table 3.8)

Figure 5.19: Conversion of H2, Ni /Al2O3 2,5mm − 4A (temperature 280◦C and CH4 in inlet),(GHSV=2400,
table 3.8)
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Figure 5.20: Conversion of H2, comparison between Ni /Al2O3 2,5mm −4A and Ni /Al2O3 −4A, with ch4 as
inlet, (GHSV=2400, table 3.8)

Figure 5.21: Conversion of H2, Ni /Al2O3 1mm −4A (temperature 260◦C ),(GHSV=2400, table 3.7)
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Figure 5.22: Conversion of H2, Ni /Al2O3 1mm −4A (temperature 280◦C ),(GHSV=2400, table 3.7)

of conversion are similar to the ones from the experiment with 2,5mm Ni /Al2O3 −4A. A
small difference is that, previously, the maximum conversion was higher at 280◦C than at
260◦C , on average by 1%. In this occasion, the opposite can be observed.

Nonetheless, improvement can be noticed in that set of experiments compared to the
previous ones. First the enhancement of the catalysis (sorption of vapor) initiates faster. So
the maximum is been achieved at the second measurement instead of the third and the first
recorded measurement corresponds already to more than 80% conversion. Secondly, the
slope of conversion is less steep. The conversion curve remains above 91% for 30 minutes at
260◦C and above 90% for 25 minutes at 280◦C . The last measurement in both temperatures
is above 85%.

This phenomenon can be attributed indeed in the reduction of the size of the catalytic
pellets. Because, an increased amount of zeolite’s 4A surface was actually involved in the
enhancement of the catalysis of reactants, thus leading to an increased capacity for vapor
and finally to higher conversion rates for a longer time span.

A final comparison can be done between conversion and particle size of the Ni /Al2O3

pellets. Since the addition of the experiments with 1mm particles of Ni /Al2O3 a non linear
correlation can be deducted between particle size and conversion. This is visible in figure
5.23.

5.5.2. Experiments with CH4 in the inlet stream
The last experiments performed with the bed of 1mmNi /Al2O3-Zeolite4A were at 261◦C
and 280◦C and the inlet mixture of gases was composed by H2,CO2,C H4 and N2. The re-
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Figure 5.23: Conversion of H2, comparison between Ni /Al2O3 2,5mm −4A, Ni /Al2O3 −4A and Ni /Al2O3

1mm −4A, (GHSV=2400, table 3.7)

sults are plotted in figures 5.23 and 5.24.
The graphs of those two experiments exhibit exactly the same patterns as the experi-

ments without methane in the inlet composition. The only difference is that the conver-
sion curves are displaced by 1−2% to lower values. The maxima in those cases are 97,1%
and 96,1% at 261◦C and 280◦C respectively.

The same comparison (as in the experiments without methane as inlet) takes place be-
tween particle size and conversion rate of H2. The results are plotted in figure 5.26.
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Figure 5.24: Conversion of H2, Ni /Al2O3 1mm−4A (temperature 260◦C and CH4 in inlet),(GHSV=2400, table
3.8)

Figure 5.25: Conversion of H2, Ni /Al2O3 1mm−4A (temperature 280◦C and CH4 in inlet),(GHSV=2400, table
3.8)
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Figure 5.26: Conversion of H2, comparison between Ni /Al2O3 2,5mm −4A, Ni /Al2O3 −4A and Ni /Al2O3

1mm −4A, with ch4 as inlet,(GHSV=2400, table 3.8)





6
Concluding remarks

The conclusions, drawn from this work, are discussed in this chapter. Also, recommendations
for future work in this field are provided.

6.1. Conclusions

In the current thesis work the separation enhanced methanation of CO2 was experimen-
tally examined. A catalytic bed was formed from the physical mixture of the nickel catalyst
and the zeolites and it was placed in an (in-house designed) fixed-bed reactor. Different
combinations of those materials were applied for different flows rates and flow composi-
tions.

Useful conclusions can be drawn. First and foremost, the phenomenon of adsorption
of vapor on zeolites enhances the catalytic conversion of the reactants. It doesn’t only ex-
ceeded the conversion values as set by the Ni /Al2O3 catalyst but, also, shifted the thermo-
dynamic equilibrium towards higher conversion values of H2 and CO2. Reaching almost
the purity of methane as specified for the natural gas distribution network (see chapter A.7,
graphs of fraction yield of C H4). Secondly, the main factors that influence the performance
of the process the most are twofold. The first one is the proximity between the surfaces of
nickel catalyst and zeolites. It was proven experimentally that by reducing the average size
of the pellets, which form the catalytic bed, the conversion values increase and stabilize
at higher values for longer time frames. So, zeolite 4A exhibited higher conversion values
than zeolite 3A, due to its smaller particle diameter. Subsequently, by reducing the size of
Ni /Al2O3 (combined with 4A) higher values of conversion were recorded and for a longer
time frame. In the last set of experiments more than 91% of conversion was obtained for
30mi n of continuous process, at 260◦C . In the case of Walspurger et al. [51] the maxi-
mum proximity was achieved by using a sieve fraction from pressurized pellets containing
a combination of zeolite 4A and Ni /Al2O3 catalyst. In this was a conversion of 100% was
achieved for more than 5 min of continuous process. Thus, indeed a conversion of 100%
can be achieved from a physical mixture of catalyst-zeolite.

The second factor that influences the efficiency of the synergistic effect is the regen-
eration process of the zeolite particles. At the temperature range that this process occurs
the available capacity of zeolites is very low, hence a complete regeneration of those is re-
quired. The result that led to this statement is the comparison between the experiments
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with Ni /Al2O3 −3A and Ni /Al2O3 −4A. In the first ones even though the maximum con-
version value was smaller, the conversion values remained stable for 30 min whilst the con-
version values of the latter dropped continuously. Another, useful conclusion obtained was
the relatively large temperature range that the sorption enhanced methanation can realize.
At the temperature range of 220◦C − 280◦C the enhancement occurs. This means that in
an optimized Ni /Al2O3-zeol i tes bed the temperature rise can be up to 40◦C without in-
fluencing negatively the conversion of reactants. In addition, the pair Ni /Al2O3-zeol i tes
exhibits its maximum performance (98,5% at 260−280◦C ) at lower temperatures, than the
sole catalyst bed (74,5% at 340◦C ), and for a wider temperature range. This ∆T = 80◦C
shows the potential of a significant cost savings in heat duties for a large scale process.

To end, the enhancement effect can overpasses the presence of methane in the inlet
and exhibit high conversion rates (maximum of 97,1% at 280◦C ). This fact is promising for
the design concept of 2-3 adiabatic reactors in a row, with the last one being the sorption
enhanced methanation one.

6.2. Recommendations

Having approached the end of this study, a number of ideas rose for continuing the present
topic. Firstly, the same experiments can be performed for a bigger variety of flow rates to
compare those with the minimum GHSV applied in this research. Secondly, perform exper-
iment with an even smaller average diameter of particles in the bed. This can be achieved
by purchasing smaller zeolites. It would be wise to continue the research with zeolite 3A,
since it produced a more stable conversion of reactants with time. This was attributed to
its regeneration (as mentioned also in conclusions). But in order to accommodate smaller
particles technical solutions must be found to support this bed inside the tubular reactor.
Thirdly, the sorption enhanced methanation of carbon monoxide can be researched. The
set up can accommodate CO (GC and a mass flow controller are calibrated for CO) and
the nickel catalyst provided by the company is optimized for the co-methanation of CO2

and CO. Hence, using the same catalytic beds as before and applying the same flow rates
(keeping the new stoichiometry), one can generate comparable results with the previous
set of experiments. Furthermore, experiments with a typical composition of a syngas can
be performed. Thus, the future of this process and its applications can be researched. All
the above-mentioned recommendations can be tested without any changes in the current
set up.

Based on the conclusions drawn from the current study some more intriguing projects
can be realized. The main idea is to design and create a uniformal particle of zeolites and
nickel. So, impregnate chemically the nickel on zeolites. The end results will be a nickel
catalyst supported on a type of zeolite. In this way one can obtain the maximum out of the
synergistic effect, as it has been proved by other recent studies [25], [13], [15]. In addition,
using that particle to form the bed, different reactor designs can be researched, like flu-
idized bed. Because in the case of a pressurized combination of nickel-zeolites, the end re-
sult would decompose under friction and collisions. Finally, due to the lack of information
in literature regarding the exact capacity of zeolites in elevated temperatures, experiments
should be designed to address this issue. This can be realized with some alterations in the
current set up. Mainly, to dehydrate zeolites at specific temperatures and subsequently,
measure its water content. So, isosteres could be obtained for the capacity of zeolites in the
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temperature range that this process operates in. The same isosteres would be very useful
for the case of a Ni/zeolite catalyst.
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A
Appendix

A.1.

D=5.25*10^(−3);
h=16.1*10^(−3);
por = 0 . 3 ;

V_cat=pi * (D/2)^2*h ; %volume of the c a t a l y t i c bed side
V_gases=V_cat * por ; %volume of the gases in the c a t a l y t i c bed
V_al=V_cat*(1−por ) ; %volume of alumina p e l l e t s

%Thermodynamic data
T=573; %Temperature of c a t a l y t i c bed in Kelvin
DH_reac=107287; %enthalpy of reaction in j /mol
rho_co2 =24.110; %density of co2 at T in mol/m̂ 3 NIST
rho_h2 =24.100; %density of h2 at T in mol/m̂ 3 NIST
den_al =2; %density of Al2O3 at T in g/cm^3 NIST
mol_m_al=102; %molar mss of alumina in g/mol
rho_al=den_al / ( mol_m_al*10^( −6)); %density of Al2O3 at T in mol/m̂ 3
cp_co2 =44.700; %cp of co2 at T in j /mol/K
cp_h2 =29.256; %cp of h2 at T in j /mol/K
cp_al =110; %cp of Al2O3 at T in j /mol/K
cp_n2 =29.58; %cp of N2 at T in j /mol/K
%Number of mols in a batch of the reactor
mol_co2=rho_co2 * V_gases *0.0476; %mols of co2 in cat bed stoich .
mol_h2=rho_h2 * V_gases *0.1905; %mols of h2 in cat bed stoich .
mol_al=rho_al * V_al ; %mols of alumina in the c a t a l y t i c bed

%Adiabatic temperature r i s e for f u l l conversion of one batch

Q_reac=DH_reac*mol_co2 ; %heat released from f u l l conversion of CO2
DT_ad_al=Q_reac /( cp_al * mol_al ) ; %adiabatic temperature r i s e
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% due to reaction on the alumina side
DT_ad=Q_reac /( cp_co2 *mol_co2+cp_h2*mol_h2+cp_al * mol_al ) ; %adiabatic temperature
% r i s e due to reaction on the gases and alumina combined
DT_ad_gases=Q_reac / ( ( cp_co2 *mol_co2+cp_h2*mol_h2 ) ) ;
DT_ad_hr=DT_ad*0.6667*921;

A.2.

Table A.1: Mols reacted based on stoichiometry

CO2 4H2 ↔ C H4 2H20
mols 1 4 1 2 Total
mols 1-x 4-4x x 2x 5-2x

The general equation of the chemical equilibrium is the following.

Keq =
yC H4 y2

H2O

yCO2 y4
C H4

∗ (
Ptot

Pr e f
)−2 =

x
5−2x ( 2x

5−2x )2

1−x
5−2x ( 4−4x

5−2x )4
∗ (

Ptot

Pr e f
)−2 = 4x3(5−2x)2

(1−x)(4−4x)4
(

Ptot

Pr e f
)−2 (A.1)

A.3.

%%Influence of t o t a l pressure in the conversion of CO2

%Similar f i l e to the other with K, but with the extra t o t a l pressure term
%K values from Factsage

K=[1.06 e14 1.64 e11 9.21 e8 1.32 e7 3.79 e5 1.86 e4 1.39 e3 1.45 e2 ] ;
T=[100 150 200 250 300 350 400 4 5 0 ] ;
Conversion = zeros ( 5 , 8 ) ;
P=[1 5 10 30 6 0 ] ;

for j =1:5
for i =1:8
eqn=@( x ) K( i )*(1−x )*(4−4* x)^4−4*x^3*(5−2*x )^2*P( j )^(−2)
Conversion ( j , i )= fzero (eqn , 1 ) ;
end
end

plot (T , Conversion , ’ LineWidth ’ , 1 . 2 )
grid on

% y axi s
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ylabel ( ’CO_{ 2 } Conversion ( − ) ’ ) ;
% x axi s
xlabel ( ’ Temperature (C ) ’ ) ;

% legend
legend ( ’ 1 bar ’ , ’ 5 bar ’ , ’ 1 0 bar ’ , ’30 bar ’ , ’ 6 0 bar ’ , ’ Location ’ , ’ SouthWest ’ )

A.4.
In the equation of the equilibrium constant with vapor’s partial pressure, the term yH2O is

not substituted by the mol concentration as before ( 2x
5−2x ) but by the partial pressure

PH2O

Ptot
.

Also the total amount of mols is 5−4x but corrected for the amount of vapor that hasn’t
been adsorbed by the zeolite pellets. So it becomes 5−4x

1− PH2O
Ptot

.

The equilibrium constant will be:

Keq =

x
5−4x

1−
PH2O
Ptot

( 2x
5−4x

1−
PH2O
Ptot

)2

1−x
5−4x

1−
PH2O
Ptot

( 4−4x
5−4x

1−
PH2O
Ptot

)4
∗ (

Ptot

Pr e f
)−2 =

x( PH2O
Ptot

)2(5−4x)4

(1−x)(4−4x)4(1− PH2O
Ptot

)4
(

Ptot

Pr e f
)−2 (A.2)

A.5.

%%H2O p a r t i a l pressure influence in the conversion

%Using the K equation for d i f f e r e n t water p a r t i a l pressures , the
%t h e o r e t i c a l CO2 conversion curved i s calculated

K=[1.06 e14 1.64 e11 9.21 e8 1.32 e7 3.79 e5 1.86 e4 1.39 e3 1.45 e2 ] ;
T=[100 150 200 250 300 350 400 4 5 0 ] ;
Ptot =1;
P=[0.35 0.3 0.25 0.2 0.15 0.1 0 . 0 5 ] ;

Conversion = zeros ( 7 , 8 ) ;

for j =1:7
for i =1:8
eqn=@( x ) K( i )*(1−x )*(1−P( j ) / Ptot )^4*(4−4* x)^4−x*(5−4*x )^4*(P( j ) / Ptot ) ^ 2 ;
Conversion ( j , i )= fzero (eqn , 1 ) ;
end
end

plot (T , Conversion , ’ LineWidth ’ , 1 . 2 )
grid on

% y axi s
ylabel ( ’H_{ 2 } Conversion ( − ) ’ ) ;
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% x axi s
xlabel ( ’ Temperature (C ) ’ ) ;

% legend
legend ( ’ 0 . 3 5 bar ’ , ’ 0 . 3 bar ’ , ’ 0 . 2 5 bar ’ , ’ 0 . 2 bar ’ , ’ 0 . 1 5 bar ’ , ’ 0 . 1 bar ’ ,
’0 .05 bar ’ , ’ Location ’ , ’ SouthWest ’ )

A.6.

Figure A.1: Calibration line of CO2
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Figure A.2: Calibration line of CH4

Figure A.3: Calibration line of N2
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Figure A.4: Calibration line of CO

A.7.

This section contains the graphs of fraction yield of methane. Four graphs were obtained
from the experiments with 2,5mm Ni /Al2O3-4A and 1mm Ni /Al2O3-4A (at 260◦C and
280◦C ). Figures A.5 and A.6 refer to the experiments with 2,5mm Ni /Al2O3-4A at 260◦C
and 280◦C , respectively. Those graphs match with the ones of conversion of H2 at the
same experimental conditions (figures 5.15, 5.16), verifying the 100% selectivity towards
methane. The same holds for figures A.7 and A.8, which match with figures 5.21, 5.22 (con-
version of hydrogen at the same experimental conditions).
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Figure A.5: Fraction yield of C H4, Ni /Al2O3 2,5mm-4A, (at 260◦C ),(GHSV=2400, table 3.7)



84 A. Appendix

Figure A.6: Fraction yield of C H4, Ni /Al2O3 2,5mm-4A, (at 280◦C ),(GHSV=2400, table 3.7)
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Figure A.7: Fraction yield of C H4, Ni /Al2O3 1mm-4A, (at 260◦C ),(GHSV=2400, table 3.7)
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Figure A.8: Fraction yield of C H4, Ni /Al2O3 1mm-4A, (at 280◦C ),(GHSV=2400, table 3.7)
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