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A B S T R A C T

The competitiveness of hydrogen as a sustainable energy carrier depends greatly on its transportation and
storage costs. Liquefying hydrogen offers advantages such as enhanced purity, versatility, and higher density,
yet current industrial liquefaction processes face efficiency and cost challenges. Although various large-scale
and efficient liquefaction concepts exist in the literature, they often overlook the economic and technical
viability of such plants. Here, we addresses this issue by establishing a framework for modeling a large-
scale hydrogen liquefaction concept and conducting both technical and economic assessments, with a specific
focus on 125 tonnes per day (TPD) high-pressure hydrogen Claude-cycle concept. The technical analysis
involves preliminary designs of key process components, while the economic assessment utilizes Aspen
Process Economic Analyzer. Our findings indicate that at an electricity price of €0.1/kWh, the Claude-cycle
liquefier concept yields a specific liquefaction cost (SLC) of €1.55/kgLH2

. A sensitivity analysis was performed,
which shows that electricity price has a significant influence on the economics. Further investigation on the
compressors design shows that incorporating high-speed centrifugal compressors could reduce the SLC by
5.42% and potentially more. Scaling up to 250 and 500 TPD reveals further cost improvements, while cost
projections indicate substantial declines as the technology matures. Ultimately, this paper presents novel cost-
scaling and experience curves of hydrogen liquefaction technology, demonstrating the compelling economic
viability of integrating large-scale hydrogen liquefaction into sustainable energy infrastructure.
1. Introduction

Hydrogen (H2), as an energy carrier, has the potential to become a
key player in a sustainable energy future [1]. However, there are still
many challenges preventing the widespread use of hydrogen. Transport
and storage costs are critical to the competitiveness of hydrogen, as
they can significantly increase the final price of hydrogen fuels. Due to
its low energy density, gaseous hydrogen from production stage would
require an additional physical or chemical conversion process before
long-term storage and transportation [2]. Liquefaction is a promising
option, as storing and transporting hydrogen in liquid form have several
advantages, such as enhanced purity, end use versatility, and high
volumetric hydrogen density [2]. Nonetheless, current liquid hydrogen
(LH2) production faces limitations that hinder its global use, including
economics and scale constraints.

Most commercial hydrogen liquefaction plants operate with capac-
ities of less than 20 tonnes per day (TPD), with the largest having the
capacity of 32 TPD [2]. The specific energy consumption (SEC) of these
liquefiers ranges from 10 to 20 kWh/kgLH2

[3], exerting a significant in-
fluence on the current hydrogen specific liquefaction costs (SLC), which
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vary between US$2.5 and US$3.0 per kgLH2
[2,4]. In contrast, the

theoretical energy to liquefy hydrogen from ambient (300 K, 1.01 bar)
conditions is 3.9 kWh/kgLH2

, including the necessary conversion of
ortho- to para-hydrogen [5], indicating that there is ample room for
improvement. Recent studies indicate a typical decrease in liquefaction
costs with increasing plant capacity, and some estimates suggest the
cost could drop to less than US$1.0/kgLH2

[2]. Besides cost reduction,
the anticipated rise in global hydrogen demand further strengthens the
necessity for larger liquefaction plants.

Numerous conceptual designs for large-scale hydrogen liquefaction
plants have been developed, aiming to optimize process efficiency
and reduce the overall SEC [2]. These concepts suggest that an SEC
target between 6 and 8 kWh/kgLH2

for large-scale liquefiers is achiev-
able without the use of groundbreaking technologies such as quantum
plumbing, magnetocaloric, or thermoacoustic liquefaction. However,
insufficient attention has been given to the overall expenses of the
plant, which is essential to estimate the liquefaction costs, as well as to
the technical feasibility of scaling up the components for the required
unit operations. Consideration of these factors is crucial, as practical
360-3199/© 2024 The Author(s). Published by Elsevier Ltd on behalf of Hydrogen E
http://creativecommons.org/licenses/by/4.0/).
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and economically viable designs are essential for realizing large-scale
hydrogen liquefaction facilities. As noted by Berstad et al. [6], the
development of new processes should not merely focus on a ‘‘race to
the bottom’’ in power requirements; instead, emphasis should be on
identifying rational and economically viable pathways for improving
efficiency.

The majority of reported hydrogen liquefaction costs have been
estimated by projecting the overall capital costs of the process plant,
utilizing scaling factors derived from limited historical data [7–14].
Given that this approach solely relies on plant capacity as an input
parameter to offer a ‘‘ballpark’’ cost estimation, it proves suboptimal
for comparing the costs of different plant configurations, particularly
when their capacities are comparable. Feasibility studies sponsored
by companies and governments often leverage confidential equipment
cost correlations and recent quotations from contractors for the most
accurate cost evaluations [15,16]. However, this approach is often
impractical for academics and researchers in this field.

In response to these challenges, this study introduces a framework
for modeling a large-scale hydrogen liquefaction process and assessing
the plant’s economic feasibility while strictly addressing existing tech-
nical limitations. The research commences by modeling a promising
high-capacity hydrogen liquefaction concept using a process simulation
tool. Subsequently, preliminary design procedures are developed and
implemented for the main equipment to assess the plant’s technical
feasibility. Utilizing Aspen Process Economic Analyzer (APEA), the
study estimates the capital and operating costs based on the model
and preliminary designs, followed by a comprehensive economic eval-
uation. Furthermore, sensitivity and scale-up analyses are conducted
to assess the impact of electricity price, compressor’s maximum tip
speed, and plant capacity on overall efficiency and economics. Finally,
the study predicts potential cost and experience curves for hydrogen
liquefaction technology, drawing on the cost results of this research and
projections from relevant literature.

2. Process modeling

Various large-scale hydrogen liquefaction concepts have been re-
viewed by Aasadnia & Mehrpooya [17]. Many of these modern investi-
gations focus solely on ‘‘pure’’ process simulation, often overlooking the
viability of integral components [18]. Consequently, several proposed
liquefaction systems, despite being relatively efficient, are often highly
complex and may prove technically or economically unfeasible.

Among the concepts reviewed, the high-pressure hydrogen (HP-
H2) Claude cycle, with a mixed-refrigerant (MR) Joule-Thomson (JT)
precooling cycle, as proposed by Cardella et al. [19,20] and Berstad
et al. [6], stands out as one of the most promising designs for a near-
future implementation [2]. According to the optimization study of
Cardella et al. [19,20], the SEC of the HP-H2 Claude liquefier can be
educed to about 6 kWh/kg, concurrently decreasing the SLC by nearly
7% compared to small-scale 5 TPD plants, reaching below e1/kg.
urthermore, the adoption of the MR precooling system eliminates the
eed for the liquid nitrogen (LN2) pre-cooling system, which typically
ccounts for considerable portion of the total liquefaction energy [2,
1]. Another challenge with the use of LN2 is the large temperature
ifference between the cooling and heating curves of hydrogen and
itrogen, limiting heat recovery and increasing irreversibilities [6,22].
n contrast, MRs provide flexibility by allowing adjustments in their
omposition to minimize temperature discrepancies in heat transfer,
hereby enhancing overall thermodynamic efficiency [2,6,19,22].

Based on these factors, the HP-H2 Claude cycle with MR precooling
oncept is selected to be the base process in this study. The process is
redominantly modeled in reference to the 125 TPD conceptual plant
roposed by Berstad et al. [6].
384
Table 1
Mixed-refrigerant composition [23].

Component Mole fraction

Nitrogen 0.101
Methane 0.324
Ethane 0.274
Propane 0.031
n-Butane 0.270

Process description

Fig. 1 illustrates the process flow diagram (PFD) of the hydrogen
liquefaction process under consideration. Gaseous hydrogen is fed to
the process plant at a rate of 125 TPD at 20 bar and 298.15 K. The
hydrogen is first cooled by the MR precooling system as it enters
the first multi-stream plate-fin heat exchanger (PFHX). The precooling
cycle utilizes a five-component refrigerant mixture to cool the hydrogen
feed to 114 K. The MR composition, given in Table 1, follows the
formulation used by Skaugen et al. [23].

The MR compression in the precooling module involves two com-
pressors equipped with aftercoolers. The aftercoolers cools incoming
streams to 298.15 K with cooling water that is assumed to be readily
available within the plant. The first MR compressor (MRC), MRC-1,
pressurizes the MR to 12 bar, and at its aftercooler outlet, the MR
partially condenses. A vapor–liquid separator then separates the multi-
phase stream. The collected liquid condensate is pressurized to 35 bar
using a pump, while the vapor flow is compressed by the second MRC
to the same pressure. The aftercooler of MRC-2 partially re-condenses
the vapor refrigerant, which then mixes with the pressurized liquid
from the pump before entering the heat exchanger. In the PFHX, the
multiphase pressurized refrigerant and the hydrogen feed, are cooled
to 114 K. The exiting refrigerant is expanded via JT valve to a pressure
of 3.6 bar, which accordingly decreases its temperature to 111.3 K. This
cold and low-pressure refrigerant is routed back to the cold side of the
PFHX to absorb the heat from the two hot streams of pressurized refrig-
erant and hydrogen feed. This precooling PFHX configuration ensures
a tight thermal match between streams, promoting an exergy-efficient
heat transfer [6].

The typical hydrogen feed in a liquefaction plant contains impurities
ranging from 10 to 100 ppm [6,24], requiring reduction to below
1 ppm, since they pose a risk of condensing and freezing during
cryogenic cooling, potentially degrading the ortho-para catalysts inside
the heat exchanger [20,24]. To address this, cryogenic adsorber beds
are introduced after precooling PFHX to purify the hydrogen feed. The
purified hydrogen enters the main cryogenic cooling system, undergo-
ing cooling from 114 to 30 K through catalytic PFHXs (HX-3 to HX-7).
In the process modeling, these heat exchangers, filled with ortho-to-
para catalyst on the main hydrogen feed-to-product line, are assumed
to be sufficiently long for hydrogen spin isomers to convert to the
equilibrium state. The cooling capacity required to cool the incoming
hydrogen feed and dissipate the extra heat from exothermic ortho-para
conversion in these heat exchangers is provided by the cold hydrogen
streams flowing within the HP-H2 Claude refrigeration cycle. After it
cools down to 30 K, the hydrogen gas feed is expanded from 20 to
1.85 bar through a JT valve, resulting in the liquefaction of hydrogen.
The temperature of the LH2 at this point is 22.49 K.

In the HP-H2 Claude refrigeration cycle, high-pressure hydrogen
refrigerant undergoes cooling in heat exchangers HX-2 and HX-3 to
reach 112 K. Beyond this point along the high-pressure line, auxiliary
streams are extracted from the primary high-pressure conduit. These
streams, expanded to an intermediate pressure through cryogenic tur-
bines to induce temperature reductions, are then introduced into an
intermediate pressure gas return line. This line plays a crucial role
in providing cooling for HX-2 to HX-6. The remaining high-pressure
hydrogen, exiting HX-6 at approximately 33.2 K, undergoes expan-
sion in a dense-phase turbo-expander followed by a throttling valve,
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Fig. 1. High-pressure hydrogen Claude cycle hydrogen liquefier process flow diagram.
resulting in a partially condensed hydrogen flow at 21.1 K. The two-
phase mixture is directed to a vapor–liquid separator column, where
the liquid phase is extracted for use as the cooling source in the final
catalytic heat exchanger, HX-7. This heat exchanger ensures further
cooling and ortho-para conversion of the LH2 product. The LH2 stream
exits HX-7 at a temperature of around 21.6 K is further expanded to
1.5 bar for storage and transport. This study considers the LH2 storage
and its boil-off management system to be beyond the battery limit of
the liquefaction plant, and, therefore, will not be modeled or further
evaluated in the technical and economic analysis.

The collected hydrogen vapors in the vapor–liquid separator are
drawn into the low-pressure compressor (LPC), LPC-1. The vapor flow
passes through all the PFHXs in the main Claude cycle before undergo-
ing compression by the LPC to an intermediate pressure of 7.395 bar.
Subsequently, the compressed hydrogen combines with the returning
intermediate-pressure stream and undergoes further compression to
a pressure of 30 bar, accomplished by the high-pressure compressor
(HPC), HPC-1. Similar to the MRC units, both the LPC and HPC systems
are configured with individual aftercoolers.

Process simulation

The liquefaction process is modeled in the steady-state process
simulator of Aspen HYSYS V12. Built-in unit operation models from
Aspen HYSYS are used to calculate the process operation of components
such as the heat exchangers, commpressors, expanders, etc. For the
calculation of the multi-stream counter-current PFHX in the process
simulation, Aspen HYSYS’s built-in ‘‘LNG exchanger’’ model is used.

In the initial modeling of the liquefaction plant within the process
simulation, the efficiencies of the pressure-altering equipment are taken
as assumptions. Isentropic efficiencies of 85% are assumed for all
compressors and cryogenic turbo-expanders, with a 75% isentropic
efficiency assigned to condensate pumps. These efficiency values are
refined with the outcomes of the equipment preliminary designs. Sim-
ilarly, initially assumed negligible pressure drops related to adsorbers
385
and heat exchangers are adjusted and reintroduced into the simulation
after the preliminary designs of these components.

The process simulation model employs different fluid property pack-
ages according to the respective fluids. As Aspen HYSYS is capable
of calling REFPROP databank [25], the thermodynamic properties
estimation for the hydrogen refrigerant in the HP-H2 Claude cycle
are calculated using the state-of-the-art equation of state (EOS) of
Leachman et al. [26] The hydrogen feed-to-product stream that is
cooled in the heat exchangers with continuous catalytic ortho- to para-
hydrogen conversion are modeled in the process simulation assum-
ing equilibrium-hydrogen. For this purpose, the ‘‘pseudo-equilibrium-
hydrogen’’ heat-capacity model developed by Valenti et al. [27] is
utilized. Although the model has faced some criticism in recent liter-
ature [28], it has been demonstrated to be a helpful tool for accurately
modeling heat exchanger unit operations in hydrogen liquefaction sim-
ulations [6,20]. The kinetic aspects of the conversion is only considered
in the heat exchanger sizing and preliminary design phase.

In this work, the pseudo-equilibrium model is utilized to calculate
the properties of the main GH2 feed from the exits of the adsorption
systems to the final LH2 product. The pseudo-equilibrium model by
Valenti et al. [27] is implemented by modifying the original REF-
PROP fluid file of parahydrogen and subsequently calling the modified
parahydrogen model from Aspen HYSYS. The properties of the MR fluid
in the precooling cycle are calculated using the Peng-Robinson cubic
EOS.

The author acknowledges that utilizing the pseudo-equilibrium
model directly on the hydrogen feed stream at the entrance of the
Claude refrigeration cycle may neglect the additional heat from the
isomers conversion, stemming from the hydrogen’s temperature drop
from 298.15 K to 114 K. However, this exothermic conversion yields a
modest amount of heat, approximately 57.24 kJ/kgH2

, compared to the
total heat removal requirement of around 4432.75 kJ/kgH2

to liquefy
hydrogen from ambient temperature (in para-H2 state). Therefore, it
can be concluded that the influence of this conversion on the plant’s
energy consumption remains marginal.
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Table 2
Design limitations of plate-fin heat exchangers [2,20,29,30].
Parameter Values Unit

Max. length 8.2 m
Max. width 1.5 m
Max. height 3.0 m
Volume 15–30 m3

Specific surface 500–1,800 m2∕m3

Max. temperature difference 25.0 K
Min. temperature difference 1.0 K

3. Equipment preliminary design

Plate-fin heat exchangers

Table 2 summarizes the design constraints assumed for the PFHX,
derived based on current equipment limitations found in the litera-
ture [2,20,29,30]. If the heat transfer requirement cannot be fulfilled
in a single unit while meeting the design constraints, parallel configu-
ration of multiple PFHXs shall be considered. However, the number of
cores that can be added is limited by the maximum feasible dimensions
of the coldboxes.

Preliminary sizing and design of the non-catalytic PFHXs, HX-1 and
HX-2, is performed in Aspen Exchanger Design and Rating (EDR) design
mode. Design mode conducts various calculations of geometric (me-
chanical), thermal, and hydraulic parameters. It also estimates stream
properties and wall temperature for each calculation node, enabling
verification of temperature differences against PFHX design constraints.
The input for the design is imported directly from Aspen HYSYS simula-
tion of the Claude liquefier described previously. Additionally, pressure
drops for each stream within the PFHX are estimated and used to refine
the pressure values in the Aspen HYSYS simulation. For noncatalytic
PFHXs, the key outcomes of preliminary designs are the Aspen EDR
Design mode calculation results that align with the criteria specified in
Table 2.

For PFHX involving ortho- to para-hydrogen conversion the above
sizing procedure is insufficient, since conversion kinetics is the limiting
factor in the design. Consequently, this study utilizes the steady-state
one-dimensional pseudo-homogeneous continuum reactor model of the
counter-flow catalyst-filled PFHX model from O’Neil et al. [31] to
approximate the geometric specifications for the catalytic PFHX. This
model accounts for the dynamic processes of hydrogen spin-isomer
conversion, heat transfer, and pressure loss that occur in a two-stream
plate-fin heat exchanger filled with ortho-para catalyst in the hot-
stream channel [31]. However, as the catalytic heat exchangers in the
liquefaction process simulation are multi-stream models featuring two
cold and two hot streams, the preliminary sizing of the multistream
catalytic PFHX in this study is divided into two distinct processes:

1. the noncatalytic heat exchanger sizing;
2. the catalytic heat exchanger sizing.

Fig. 2 illustrates the process of splitting the four-stream PFHX, HX-
3, into a hypothetical three-stream noncatalytic PFHX (with one cold
stream and two hot streams), HX-A, and a hypothetical two-stream
counter-flow catalytic PFHX (a pair of cold and hot streams), HX-B.
The detailed description of this sizing approach is outlined step-by-step
in Section S.1.1 of the Supplementary Information. This catalytic PFHX
sizing procedure is applied for the preliminary sizing of HX-3 to HX-
6. However, the preliminary design of HX-7 does not involve the use
of the kinetic simulation tool. This is due to the negligible impact of
ortho-para conversion on the sizing of HX-7, where isomer conversion
is less than 1% of its overall composition, resulting in inconsequential
conversion time and heat release. Hence, the preliminary sizing and
design of HX-7 are straightforwardly conducted in Aspen EDR design
mode, following a similar approach as for noncatalytic PFHXs.
386
Fig. 2. Schematic for dividing the sizing process of HX-3 into two sizing procedure of
noncatalytic and catalytic PFHXs.

The sizing of the catalytic PFHX depends heavily on the evalua-
tion of the streams temperature profiles and conversion of hydrogen
spin-isomers across the hot-stream channel of the hypothetical two-
stream catalytic PFHX (HX-B in Fig. 2). Additionally, the kinetic model
simulation computes pressure drop across the catalytic PFHX, and
these results are used to adjust the pressure values of the equilibrium
hydrogen stream in the process simulation. Conversely, pressure drops
for the hydrogen cooling streams are approximated based on the results
of the initial sizing of the catalytic PFHX in Aspen EDR.

Given the complexity of the process and equipment, the preliminary
design of catalytic PFHXs in this study focuses solely on determining
the required core dimensions. The developed procedure ensures that
the PFHX designs are sufficiently large for effective heat transfer and
hydrogen spin-isomer equilibrium conversion, while meeting dimen-
sional and temperature constraints. These geometric parameters are
adequate for making sound cost estimations through APEA. The design
algorithm’s source code is available in Section 6 and preliminary design
results for all PFHXs in the Claude liquefier are given in Section 6.

Turbomachinery

The turbomachinery components within the HP-H2 Claude liquefier
mentioned above include centrifugal compressors and radial inflow
turbines. All compression unit operations in the Claude and precooling
cycles operate with inlet volumetric flowrates ranging from 4000 to
85,000 m3/h and a maximum discharge pressure of 30 bar, falling
within the optimal range for centrifugal compressors as indicated by
Towler & Sinott [32]. Thus, centrifugal compressors are considered the
most suitable choice. Additionally, radial inflow turbines are selected,
being the type generally specified for turbo-expanders in air separation
and petrochemical processes [33,34].

In this study, the preliminary design of these components primar-
ily refers to the comprehensive approach proposed by Gambini &
Velinni [35–37]. To ensure the technical feasibility of the outcomes, the
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Table 3
Design limitations of centrifugal compressors and radial inflow turbines [4,20,33,38–44]

Parameter Compressor Turbine Unit

Max. Number of stages per unit 8 1 stages
Min. Volumetric inlet flowrates 1000 8.5 m3/h
Max. Volumetric inlet flowrates 300,000 339,800 m3/h
Max. Rotational speed – 100,000 rpm
Max. Power 37,000 1,500 kW
Max. Impeller tip velocity 500 500 m/s

study strictly follows design constraints of centrifugal compressors and
radial turbines, given in Table 3, derived in accordance with existing
technological limitations within the industry [4,20,33,38–44].

The design procedures for compressors and turbines are identical,
with minor differences, and it commences with the process of de-
termining the required number of compression or expansion stages
to achieve the required pressure ratio. For hydrogen, the minimum
number of stages that can be selected is limited by the compressor’s
or turbine’s maximum impeller tip velocity. To calculate the minimum
number of stages, the maximum enthalpy change per stage needs to be
determined. For compressors, the following equation is used:

𝛥ℎstage
is, max = 𝜓is ⋅ 𝑢

2
2, max. (1)

The isentropic work coefficient, 𝜓is, is assumed to be 0.45, in order to
maximize the polytropic efficiency of the centrifugal compressor [36].
For turbines, the following equation is used:

𝛥ℎstage
is, max =

(𝑢1, max∕𝜈𝑠)2

2
. (2)

The isentropic velocity ratio, 𝜈𝑠, defined as:

𝜈𝑠 =
𝑢1
𝑐is
, (3)

is assumed to be 0.7, in order to maximize the total-to-static efficiency
of the radial turbine [36].

Once the maximum isentropic enthalpy change per stage has been
determined, one can estimate the minimum number of stages as fol-
lows:

𝑧min = Round
⎛

⎜

⎜

⎝

𝛥ℎis

𝛥ℎstage
is, max

⎞

⎟

⎟

⎠

. (4)

Note that in Eq. (4), the minimum value is rounded to the nearest
integer since the stipulations of 𝜓is = 0.45 and 𝜈𝑠 = 0.7 serves only for
approximating the required number of stages. The minimum number
of stages per component must be below the maximum specified in
Table 3. If the minimum number of stages per compressor exceeds the
maximum, multiple turbomachinery units in series configuration are
considered.

Once the minimum number of stages is determined, we generate
the rotational speed and number of stages (𝑛 − 𝑧) selection diagram.
This diagram depicts the turbomachinery’s specific speed as a function
of the number of stages across varying rotational speeds. The specific
speed is defined as follows:

𝜔s = 𝑓 (𝑛, 𝑧) = 𝜔 �̇� 1∕2

�̇� 3∕4
= 2𝜋𝑛

60
�̇� 1∕2

(𝛥ℎis∕𝑧)3∕4
. (5)

For a compressor, �̇� refers to the volume flowrate at the stage inlet,
while for a turbine, it refers to the stage outlet. Fig. 3 shows an example
of a compressor’s 𝑛 − 𝑧 selection diagram. The light blue shaded area
represents centrifugal compressor’s specific speed range for optimum
efficiency.

To ensure high efficiency, the initial number of stages and rotational
speed of each compressor and turbine need to be selected such that
the specific speed lies in the optimal efficiency range. For centrifugal
compressors, this would correspond to specific speed values between
387
Fig. 3. Exemplary of n-z selection diagram for compressors.

Table 4
Parameter constraints of centrifugal compressors and radial inflow turbines [36,37].

Parameter Compressor Turbine

Specific speed, 𝜔s 0.40–1.00 0.40–0.80
Flow coefficient, 𝜙 0.20–0.30 0.20–0.30
Work coefficient, 𝜓 0.50–0.60 0.80–1.00
Degree of reaction, 𝑅 0.60–0.70 0.45–0.65
Rotor meridional velocity ratio, 𝜉 – 0.65–1.00
Rotor tip diameter ratio, 𝛿t 0.50–0.75 <0.70
𝛿t∕𝛿h 0.20–0.70 > 0.40
Rotor outlet absolute flow angle, 𝛼2 60◦–70◦ –
Rotor outlet relative flow angle, 𝛽2 0◦–60◦ –
Rotor inlet absolute flow angle, 𝛼1 – 66◦–78◦

Rotor inlet relative flow angle, 𝛽1 – 22◦–40◦

Impeller tip speed velocity, 𝑢 <500 m/s <500 m/s
Mach number, Ma <0.90 <0.90

0.4 ≤ 𝜔s ≤ 1 [36]. For radial inflow turbines, this range is between
0.4 ≤ 𝜔s ≤ 0.8 [37].

The initial values for the number of stages and rotational speed
serve as the primary inputs for calculating kinematic, thermodynamic,
and geometric parameters of components, including work coefficient,
flow coefficient, flow angles, blade height, rotor diameter, etc. In this
study we developed a simplified version of the design calculation
procedure proposed by Gambini & Vellini [36,37]. This simplifica-
tion involves omitting stage losses evaluation, with turbo-component
efficiencies estimated based on existing correlations. The results of
kinematic, thermodynamic, and geometry calculations undergo an it-
erative process of comparison with constraints proposed by Gambini &
Vellini [36,37]. The preliminary design of centrifugal compressors and
radial inflow turbines is deemed acceptable when the calculated pa-
rameters align with design constraints throughout all stage calculations.
Parameter constraints assumed for the preliminary design of multistage
centrifugal compressors and radial turbines are summarized in Table 4.

The complete procedure and assumptions for turbomachinery pre-
liminary design are given in Section S.1.2 and S.1.3 of the Supple-
mentary Information. The source codes implementing the proposed
design algorithms are accessible in the GitHub repository provided
in Section 6. The preliminary design results for all turbomachinery
components are provided in Section 6.

Cryogenic adsorbers

Temperature-swing adsorbers (TSA) are selected as the cryogenic
adsorption system in the hydrogen liquefaction process in this study.
The preliminary design of the TSA focuses on estimating the required
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size and number of adsorber columns, which are crucial parameters
for sizing the precooling coldbox and estimating costs related to the
adsorption system.

To determine the required dimensions (diameter and height) and
number of columns of the adsorption system, we have used the sizing
algorithm based on the design procedure described by Campbell [45].
The regeneration process of the adsorbers is expected to utilize a
portion of the hot hydrogen streams from the Claude cycle as the
high-temperature source. However, the evaluation of this process is not
covered in this study.

Coldbox

The preliminary coldbox design aims to adequately size the MR
precooling and cryogenic liquefier coldboxes to accommodate com-
ponents operating in cryogenic conditions. These components include
adsorption columns, PFHXs, turbo-expanders, vapor–liquid separators,
and cryogenic pumps.

In addition to the cryogenic equipment, it is important to account
for the space required by piping and auxiliary process items, including
valves and control devices. To ensure sufficient space for these compo-
nents, a clearance of 1.3 is applied to the estimated volumes of the
PFHXs and separator columns. The estimated volumes of the turbo-
expanders, whether in single or multiple configurations, have already
considered the space needed for their connections and instrumentation.
The approximated footprints of the turbo-expander systems, available
in Section S.1.4 of the Supplementary Information, are based on turbine
brochures from various manufacturers.

An additional clearance of 10% is incorporated into the total volume
of the internal components, including their own clearances, to accom-
modate the coldbox’s wall thickness and insulation material. In this
study, both the precooling and liquefier coldboxes are assumed to have
a capsule-like structure (spherocylinder), a three-dimensional shape
comprising a cylinder with hemispherical ends. The main geometrical
parameters of the vessel are the radius and the height of the cylinder.
After determining the required volume of the vessel, optimized radius
and height values are obtained using Microsoft Excel’s GRG Nonlinear
Solver. Since vacuum-insulated coldbox is generally prefabricated off-
site, the radius and height of the liquefier coldbox are limited to 5.5
and 40 m, respectively, in order to comply with the typical logistical
limitation within Europe [20,46].

4. Techno-economic analysis

Techno-economic analysis (TEA) is a method used to evaluate the
economic performance of a technology. In this study, TEA is performed
to assess the overall value of the conceptual plant described previously,
enabling analysts to objectively weigh the benefits of LH2 against the
cost of the large-scale Claude-cycle liquefaction process. The primary
objective in this TEA is to compute the SLC, defined as follows:

SLC =
CAPEXa + OPEXa

�̇�LH2 ,𝑎
. (6)

The capital and operating expenditures are determined using APEA
software, selected for its capability to estimate equipment expenses
based on recent cost data from EPC projects and equipment manufac-
turers from limited design data [47,48]. APEA calculates the equipment
costs as well as the total installed costs, covering both direct and
indirect field costs for capital expenditure (CAPEX) evaluation. In this
study, we employ APEA V12, which estimates equipment costs based
on pricing updates from the 1st Quarter of 2019. These estimates are
then adjusted to reflect 2022 pricing using the Chemical Engineering
Plant Cost Index (CEPCI).

Another notable advantage of APEA, compared to other method-
ologies, is its integration with Aspen HYSYS software used for process
modeling in this study. The cost estimation for the main equipment
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relies on unit operation models from Aspen HYSYS simulation, which
are then mapped into component models within APEA and further spec-
ified with design parameters derived from preliminary design results.
APEA offers the convenience of providing cost estimates with relatively
few inputs for preliminary studies. However, it is crucial to note that
these type of estimates, especially for the equipment capital costs, are
classified as ‘‘Class 4’’ estimates [49]. This type of estimate has an
accuracy range of ± 30%, making it more suitable for comparing costs
among process concepts rather than for making investment decisions.

To determine the plant’s CAPEX annual cost contribution, this study
considers the total project capital cost as a fixed annuity payment.
The subsequent formula for capital recovery factor is then utilized to
determine the annual CAPEX:

CAPEXa = CAPEXtot ⋅
𝐼fix ⋅ (1 + 𝐼fix)

𝑡𝑝

(1 + 𝐼fix)
𝑡𝑝 − 1

. (7)

The fixed annual interest rate is typically assumed between 0.07 and
0.11, as reported by Syed et al. [50]. In this study, a payment duration
of 20 years is assumed.

Additionally, APEA facilitates the calculation of the plant’s variable
and fixed operating expenditures (OPEX) on a yearly basis. This figure
is further adjusted to account for the cost contribution of fluid loss due
to expected leaks from turbomachinery components. Hydrogen leaks
are assumed to constitute 1.5% of the plant’s capacity, while the cost
of hydrogen itself is presumed to be e3.5/kgH2

. For a liquefier capacity
of 125 TPD, the makeup flow required to compensate for MR leaks is
assumed to amount to 1.5 kg/h, with a specific cost of e5.0/kgMR.

The TEA workflow and assumptions used in this study are given in
Section S.2 of the Supplementary Information. This includes the Project
Basis that defines specifications pertaining to the overall project sce-
nario. The complete list of equipment cost parameters are also included
in this section.

5. Results and discussions

Baseline scenario

Fig. 4 illustrates the preliminary design results of the compres-
sion system of the 125 TPD HP-H2 Claude-cycle, featuring substantial
modifications from the initial configuration in Fig. 1. The additional
turbocompressors became necessary due to design constraints, shown
in Tables 3 and 4, in the equipment preliminary design, which limits
the maximum allowable compression ratios within a single compressor
unit. In the LPC system, three separate units (LPC-1, LPC-2, and LPC-3)
are employed, each with eight radial compression stages and isen-
tropic efficiencies of 83.03%, 82.45%, and 82.66%, respectively. The
HPC system features HPC-1, HPC-2, and HPC-3, each with six radial
compression stages and isentropic efficiencies of 83.26%, 82.95%, and
82.93%, respectively. The MRC system, MR-1 and MR-2, maintain the
original configuration and are designed as two-stage and single-stage
centrifugal compressors with isentropic efficiencies of 83.33% and
83.00%, respectively. The number of stages are selected in conjunction
with the rotational speeds through iterative trials for high performance
while meeting the design constraints.

The preliminary design of the turbo-expanders calls for two expan-
sion stages between Stream C22 and C23. As a result, turbo-expander
T-3 are split into T-3A and T-3B, arranged in series to achieve the
required expansion ratio. The isentropic efficiencies for T-1, T-2, T-3A,
T-3B, and T-4, are calculated as 89.68%, 89.53%, 87.90%, 90.50%, and
89.34%, respectively. Furthermore, the pressure losses identified dur-
ing the preliminary designs of the TSA and PFHXs are reintroduced into
the process simulation of the final plant configuration. Streams data
for the HP-H2 Claude liquefier, following the equipment preliminary
design results, is summarized in Table 5.

In this scenario, the plant’s overall SEC is determined to be 7.241

kWh/kgLH2

. If turbo-generator systems are considered to recover the
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Table 5
Stream data of the refined HP-H2 Claude cycle hydrogen liquefaction process.

Streama Temp. [K] Press. [bar] Flowrate [kg/h] Vapor quality Streama Temp. [K] Press. [bar] Flowrate [kg/h] Vapor quality

Hydrogen refrigerant streams

C01 298.1 29.80 51,498.8 1 C16 47.4 29.44 16,662.1 1
C02 119.4 29.705 51,498.8 1 C17 29.89 7.895 16,662.1 0.9942
C03 112.0 29.607 51,498.8 1 C18 44.36 7.797 16,662.1 1
C04 74.0 29.522 34,504.2 1 C19 74.0 29.522 15,527.0 1
C05 47.4 29.440 18,977.3 1 C20 46.0 7.797 15,527.0 1
C06 33.20 29.391 2,315.2 1 C21 45.2 7.797 32,189.0 1
C07 25.41 3.500 2,315.2 0.1939 C22 112.0 29.606 16,994.6 1
C08 21.1 1.250 2,315.2 0.2936 C23 71.2 7.699 16,994.6 1
C09 21.1 1.250 2,315.2 1 C24 70.47 7.699 49,183.6 1
C10 25.1 1.244 2,315.2 1 C25 102.4 7.599 49,183.6 1
C11 71.9 1.197 2,315.2 1 C26 111.3 7.501 49,183.6 1
C12 111.0 1.151 2,315.2 1 C27 293.6 7.401 49,183.6 1
C13 118.4 1.107 2,315.2 1 RX1 21.10 1.250 1,609.1 0
C14 297.1 1.059 2,315.2 1 RX2 21.10 1.251 1,609.1 0
C15 298.1 7.401 2,315.2 1 RX3 21.70 1.250 1,609.1 1

Hydrogen feed to product streams Mixed refrigerant streams

GH2 298.1 20.00 5,208.0 1 MR1 292.0 3.451 72,000.1 1
M01 114.0 19.923 5,208.0 1 MR2 298.1 12.066 72,000.1 1
M02 114.0 19.778 5,208.0 1 MR3 300.0 35.000 11,381.5 0
M03 106.0 19.647 5,208.0 1 MR4 298.1 35.000 60,618.6 0.7437
M04 73.5 19.618 5,208.0 1 MR5 300.1 35.000 72,000.1 0.6444
M05 46.0 19.555 5,208.0 1 MR6 114.0 34.851 72,000.1 0
M06 30.0 19.544 5,208.0 1 MR7 111.3 3.600 72,000.1 0.0689
M07 22.49 1.850 5,208.0 0.2992
M08 21.60 1.849 5,208.0 0
LH2 21.63 1.500 5,208.0 0

a Stream names refers to Fig. 1.
Fig. 4. The refined PFD of the Claude-cycle compression system based on compressors
preliminary design results.

mechanical power from the turbines, assuming mechanical to elec-
trical energy conversion efficiency of 80%, the plant’s SEC would
further decreases to 6.666 kWh/kgLH2

. Among the plant major systems
(cryogenic liquefaction, compression, and precooling), hydrogen com-
pression system emerges as the largest contributor to the total plant
SEC, accounting for 6.478 kWh/kgLH2

.
We would also like to highlight the importance of using a hydro-

gen model that accounts for the exothermic heat from ortho-to-para
conversion in the process simulation, as this can markedly affect the
plant’s SEC calculation. Without incorporating the ’pseudo-equilibrium-
hydrogen’ model, the simulations yield an SEC of 6.299 kWh/kgLH2
without power recovery and 5.807 kWh/kgLH2

with power recovery,
which are about 13% lower than when considering the isomer conver-
sion. As will be shown later in this section, the plant’s OPEX greatly
influences annual costs, thus ignoring the conversion can substantially
skew the SLC predictions.

Further calculations reveal that the ideal specific work of the con-
cept is 2.857 kWh/kg, inclusive of the ortho- to para-hydrogen conver-
sion. Based on this finding, the baseline scenario’s exergy efficiency is
39.45%, increasing to 42.85% when power recovery is considered.
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Table 6
Base scenario assumptions of plant, equipment and TEA parameters.

Plant and equipment design parameters Values Unit

Plant liquefaction capacity 125 TPD
Compressor max. impeller tip velocity 500 m/s
H2 leakage rate 78.13 kg/h
MR leakage rate 1.5 kg/h

TEA (APEA) parameters

Process description New process
Fixed annual interest rate 0.09
Electricity cost 0.1 €/kWh

Table 6 provides a list of parameter assumptions established for
the SLC computations in the baseline scenario. Unless explicitly stated
otherwise in subsequent analyses, the parameters remain consistent
with the values specified in this table. The plant’s cost estimation in
this scenario yields an SLC of e1.55/kgLH2

, decreasing to e1.51/kgLH2
when considering the implementation of power recovery systems.

Table 7 summarizes the number of parallel units, main cost-
parameters, and direct costs for the primary equipment of the lique-
faction plant (without power recovery systems). Notably, the direct
costs of the hydrogen compression system, consisting HPCs and LPCs,
constitute a significant portion, accounting for e51 million within
the overall project capital of about e154 million (in 2019 pricing).
This aligns with the observation of Essler et al. [46] that compression
systems can readily constitute 50% of total equipment investment for
hydrogen liquefiers.

Fig. 5 shows the distribution percentage of base scenario annual
OPEX. The estimated annual OPEX is approximately e43 million after
accounting for fluid losses. The utility expenses, mainly electricity,
comprising a significant portion of e33.3 million annually. The annual
OPEX ratio relative to the annual CAPEX is approximately 1.79:1.00.

The SEC values of the large-scale liquefaction process outlined in
this study are significantly lower than those reported for state-of-the-
art hydrogen liquefiers, typically ranging between 10–12 kWh/kgLH2

.
As previously noted, the annual OPEX of the plant contributes almost
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Table 7
Equipment main cost-parameters and direct costs for baseline scenario.

Equipment Parallel
units

Parameter 1 Parameter 2 Total
direct costsa

Compressors Inlet flowrate [m3/h] Power input [kW]

LPC-1 1 29,480.1 676.7 €6,057,300
LPC-2 1 15,482.8 682.0 €3,214,800
LPC-3 1 8,107.1 682.4 €1,712,400
HPC-1 1 93,142.7 10,397.5 €18,310,900
HPC-2 1 59,564.9 10,622.7 €10,771,300
HPC-3 1 37,594.6 10,675.7 €8,910,700
MRC-1 1 16,201.3 2,293.8 €2,338,900
MRC-2 1 4,006.3 1,663.8 €1,574,600

Turbines Inlet flowrate [m3/h] Power output [kW]

T-1 1 1,689.2 1,127.2 €853,900
T-2 1 883.7 552.2 €563,600
T-3A 1 2,950.8 1,003.3 €942,900
T-3B 1 4,311.7 1,064.3 €822,200
T-4 1 44.7 30.8 €300,200

PFHXs Dimensions [m] Core weight [kg]

HX-1 1 (6.1 × 1.5 × 1.8) 18,411.5 €1,630,300
HX-2 2 (4.4 × 1.5 × 2.9) 17,910.7 €2,702,500
HX-3 1 (4.0 × 1.5 × 3.0) – €1,675,600
HX-4 2 (4.8 × 1.5 × 2.5) – €3,330,100
HX-5 1 (7.7 × 1.5 × 2.9) – €2,603,400
HX-6 1 (6.0 × 1.5 × 3.0) – €2,381,700
HX-7 1 (1.6 × 1.0 × 1.0) 17,910.7 €367,700

Coldboxes Dimensions [m] Tan-tan height [m]

Precooling 1 2.37 7.12 €547,000
Cyogenic 1 4.68 18.22 €1,620,300

a Estimated based on APEA 2019 pricing.

Fig. 5. Distribution percentage of base scenario annual OPEX.

twice as much to the SLC as the annual CAPEX of the plant. Therefore, it
can be inferred that the relatively modest SEC values of the conceptual
plant serve as the primary driver for the significantly reduced SLC val-
ues, in comparison to reported figures for existing hydrogen liquefiers
ranging from e2.37 to e2.85 per kgLH2

.1
Another contributing factor to the cost improvement is the economy

of scale achieved by the plant. Larger liquefaction facilities typically
demonstrate lower construction costs per unit of liquefied gas. Towler &
Sinnott [49] note that gas compressors, identified as the most expensive
components in capital cost estimation, exhibit cost-scaling exponents
of 0.6 and 0.75 for reciprocating and centrifugal types, respectively.

1 Converted from 2.5–3.0 US Dollar per kgLH2
using 2022 average exchange

rate of €1 = US$1.053. Sourced from www.ecb.europa.eu, accessed on 28
August 2023.
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This implies that the specific purchased cost of compressors decreases
with increasing compressor capacity. Given the substantial scale-up
in capacity of the conceptual plant compared to existing hydrogen
liquefiers, it is plausible that the cost curve of compressors significantly
contributes to the enhanced SLC outcome.

Electricity cost sensitivity

In this sensitivity analysis, the total annual costs and SLC of the
125 TPD conceptual plant are computed for varying electricity costs
between e0.02 and e3.0 per kWh. The results are presented in the right
graph of Fig. 6. Meanwhile, the left graph in the same figure illustrates
the estimated overall capital expenses of the plant. Both charts are
plotted with the same costs axis (left y-axis) for comparison.

The graphs highlight the considerable influence of electricity costs
on the SLC of the liquefier. The SLC increases to the current indus-
trial range of e2.37 to e2.85 per kgLH2

when electricity is priced
relatively high at e0.20 to e0.25 per kWh. With electricity price of
e0.4/kWh, the plant’s total annual expenses reach essentially e175
million, a figure which corresponds to 80% of the entire project CAPEX.
Conversely, when the electricity price is e0.05/kWh the SLC rapidly
decrease to an optimistic value suggested in literature, approaching
e0.95/kgLH2

. In recent years, the expenses associated with wind power
generation have fallen and are projected to continue decreasing to
about e0.02/kWh [51]. If such low-cost sources were harnessed for liq-
uefaction, the SLC might even be less than e0.90/kgLH2

. Additionally,
the range of electricity prices in this analysis is deliberately chosen to
exceed the typical variation of electricity costs in the European Union
(EU), aiming to demonstrate the impact of a sudden surge in energy
prices, similar to what the EU has witnessed in recent years,2 on the
overall costs of the hydrogen supply chain.

Furthermore, it is apparent that the OPEX contribution to the SLC
becomes very dominant at high electricity price. In fact, when the
electricity price is doubled from the baseline value, the annual OPEX
is four times higher than the annual CAPEX. As OPEX increases, the
economic benefit of incorporating recovery generators becomes more
pronounced. However, this improvement is negligible compared to the
drawbacks that the plant would face at high electricity price.

Feed pressure analysis

As highlighted by Berstad et al. [6,53], the ideal energy input
required for a hydrogen liquefaction process decreases as the hydrogen
feed pressure increases. Therefore, the efficiency the process is more fa-
vorable in plants with higher hydrogen feed pressures. In this analysis,
the plant’s SEC and SLC are computed for hydrogen feed pressures of
1, 5, 10 and 20 bar to evaluate the plant feasibility when using lower
feed pressures.

To assess lower hydrogen feed pressures, this study considers a
feed precompression system to increase the pressure to 20 bar before
the precooling system. This approach is chosen instead of adjusting
the stream conditions of the plant, as it is challenging to perform
a consistent sensitivity analysis with stream adjustments without an
optimization procedure. The precompression system consists of one or
multiple centrifugal compressors with aftercoolers, designed according
to . The configuration of the precompression systems and outcomes of
SEC and SLC calculations for each feed pressures are shown in Fig. S.15
and S.16 in the Supplementary Information, respectively.

This analysis demonstrates that the efficiency and economic per-
formance of the plant design are sensitive to reductions in hydrogen
feed pressure. While feed pressure significantly affects the SLC, it is
less substantial compared to the effect of variations in electricity costs.

2 During this research, the EU faced a record annual energy inflation
exceeding 40% in June 2022 due to the ongoing conflict in Europe. The
wholesale electricity price peaked at e0.82/kWh and gradually decreasing
afterward [52].

https://www.ecb.europa.eu/stats/policy_and_exchange_rates/euro_reference_exchange_rates/html/eurofxref-graph-usd.en.html
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Fig. 6. SLC of the 125 TPD hydrogen liquefier concept as a function of specific electricity costs.
Fig. 7. SEC and SLC of the 125 TPD hydrogen liquefier using different compressor’s
max. tip velocity.

Compressor’s max. Impeller tip speed velocity

Considerable research is currently underway to enable the use of
centrifugal compressors for large-scale hydrogen compression [38,54,
55]. Many are focused on the development centrifugal compressors
capable of operating at higher impeller tip velocities [56–58], aiming to
ultimately reduce the required number of stages for a given hydrogen
compression. In this analysis, the tip speed limit in the compressor
design constraints is varied from the base value of 500 m/s to 600 and
700 m/s.

With an increased maximum tip speed, the design of the plant’s
compression system becomes more compact, since it reduces the total
number of compression stages in both the LPC and HPC units. Since
the total number of aftercoolers within the compression system has a
significant influence on the performance of the liquefier, to give a more
comparable analysis between compression systems, the total number of
compressor units, including the aftercoolers, is maintained at three for
both LPC and HPC systems. Therefore, only the number of stages in
each compressor is reduced as the tip speed limitation increases.
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The design results reveal that with a maximum impeller tip velocity
of 600 m/s, both LPCs and HPCs experience a reduction of two stages,
resulting in a total of 6 and 4 compression stages for each LPC and HPC,
respectively. When the maximum tip speed is at 700 m/s, the number
of stages in each LPC is further reduced by two, leaving each with 4
compression stages The HPCs see a further reduction of one stage, with
each HPC now consisting of 3 compression stages. The corresponding
SEC and SLC of the liquefier following these design configurations are
displayed in Fig. 7.

The figure illustrates a minimal deviation in the SEC of the plant
when examining compression systems with different maximum tip
speeds, attributed to the specific speed of compressors, a key parameter
for estimating isentropic efficiency in this study, which remains rela-
tively steady across each design. The uniformity in specific speed values
stems from design constraints, ensuring that specific speed falls within
a comparable range. Notably, the design process occurred without the
use of an optimization scheme, raising the possibility that a higher
impeller tip speed could potentially yield greater efficiency through
a design optimization procedure. The marginal improvement in the
SLC primarily results from a reduction in annual CAPEX. According to
APEA’s cost estimates for compressors, the integration of high-speed
compressors is anticipated to boost the SLC by 3.0% to 5.5%. To
contextualize, a 5% SLC enhancement in a 125 TPD hydrogen liquefier
translates to roughly e3 million in annual savings.

Another important aspect to note is that compressors direct-cost
estimation provided by APEA only accounts for the differences in
cost associated with the reduced number of stages, changes in power
requirements, flowrates, and other process parameters. Thus, this study
overlooks the additional expenses related to high-strength materials
and advanced manufacturing required for producing high-speed hydro-
gen compressors. These are likely to increase the equipment’s purchase
costs beyond APEA’s predictions, potentially offsetting any savings
gained from fewer compression stages. For more accurate estimation,
the projected commercial costs of high-speed hydrogen compressors
must first be obtained.

Equipment cost sensitivity

As mentioned in Section 4, the capital cost estimates from APEA in
this study have an accuracy range of ±30%. To evaluate the impact of
this uncertainty on the SLC calculations, we varied the CAPEX of the
125 TPD liquefaction plant concept from the base scenario by ±30% in
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Fig. 8. SLC results for hydrogen liquefiers employing power recovery, with fixed annual interest rate of 0.07 and electricity costs of e0.05/kWh.
5% increments. The results, shown in Fig. S.17 in the Supplementary
Information, indicate that the ±30% variation in CAPEX results in an
SLC error range of ±10.74% for the baseline scenario. Approximately
the same error values are observed in the scale-up scenarios. The error
range is expected to decrease at higher electricity prices due to the
greater contribution of OPEX to overall annual costs.

Scale-up and best case projection

Leveraging economies of scale, industrial experience, green policies,
and renewable infrastructure presents opportunities for cost improve-
ments in the hydrogen supply chain. This analysis focuses on projecting
optimal cost reductions for hydrogen liquefaction by considering finan-
cial incentives, scale-up effects, reduced design allowances, and access
to low-cost electricity.

Low-carbon policies, such as reduced interest rates for large-scale
low-carbon fuel production, could improve hydrogen liquefaction costs.
To reflect this, the fixed annual interest rate for the plant’s annual
CAPEX calculation in this analysis is reduced from the base value
of 0.09 to 0.07. Additionally, the analysis involves scaling up the
125 TPD liquefaction plant from the base scenario to 250 and 500
TPD plants. This scaling-up process includes readjusting the process
simulation, equipment design, and TEA, adopting more and/or larger
equipment while maintaining the 125 TPD plant configuration. The SEC
of the plant remains essentially constant as the capacity increases,as
no alterations were made to the stream data, except for adjustments in
mass flowrates and pressure drops.

Looking ahead, as larger hydrogen liquefiers are successfully con-
structed, the technology is expected to mature, allowing companies to
undertake projects with reduced design allowances and project contin-
gency. The analysis explores the impact of varying design allowances
and contingencies on SLC by adjusting the APEA ‘‘Process Descrip-
tion’’ input. Table S.4 in the Supplementary Information illustrates the
changes in design allowances and contingency percentages employed
by APEA based on different selections of ‘‘Process Description’’.

Fig. 8 presents the results of SLC calculations for liquefaction plants
with capacities of 125, 250, and 500 TPD under different ’Process
Description’ selections. The calculations assume a relatively low spe-
cific electricity price of e0.05/kWh and the implementation of turbine
power-recovery systems. The figure indicates that, with relatively mod-
est project interest rates and electricity costs, large-scale Claude-cycle
hydrogen liquefiers have the potential to substantially reduce the indus-
trial liquefaction cost of hydrogen to around e1.0/kg . This aligns
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LH2
Fig. 9. The cost curves and capital cost data from this study and those found in the
literature.

with recent cost projection studies discussed in the literature. More-
over, the calculations suggest that as hydrogen liquefaction technology
matures within the industry, the SLC for capacities of 250 TPD and 500
TPD could potentially decrease to approximately e0.87/kgLH2

.
Further exploration of the SLC results reveals additional insights

discussed in Section S.3.3 of the Supplementary Information. In the
same section, Table S.5 summarizes the number of parallel units, main
cost parameters, and direct costs of the process equipment associated
with scaled-up plants.

Cost and experience curves

Numerous cost curve models have been published to estimate the
capital investment associated with hydrogen liquefaction plants [15,
59–63]. This section utilizes capital cost estimations from the current
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Fig. 10. Prediction of experience curve of hydrogen liquefaction technology based on
cost data from this study and those found in the literature.

study to formulate a novel cost curve, denoted as Cost Curve 1. The
estimations are derived from the APEA process descriptions of ‘‘New
Process’’, ‘‘Redesigned’’, and ‘‘Licensed’’ for 125, 250, and 500 TPD
concepts, respectively. The resulting curve is juxtaposed with existing
cost curves in Fig. 9. Within the same figure, Cost Curve 2 is introduced,
amalgamating capital cost findings from this research with reported
costs data stemming from project reports, contractor quotations, and
cost projections [3,12,13,15,61,64]. All cost curve models and capital
cost data are adjusted to 2022 pricing in e for a more meaning-
ful comparison. Both cost curves are constructed using the following
equation [49]:

𝐶 =
𝐶0
𝑆𝑛0

× 𝑆𝑛 = 𝑚𝑆𝑛, (8)

each yielding distinct constant, 𝑚, and capital cost exponent, 𝑛, as
shown in Fig. 9. As illustrated, both curves fall within an intermediate
range compared to values from other models.

Evidently, Cost Curve 1 predicted a higher scaling coefficient than
other models, possibly due to reaching the limit of the economy-of-scale
potential of high-pressure centrifugal compressors in the 500 TPD plant
(refer to Section S.3.3 of the Supplementary Information). Additionally,
existing literature models lack cost data for plants exceeding 300 TPD,
which may contribute to the higher scaling coefficient of Cost Curve 1.
Nevertheless, the study’s capital cost results are comparable with esti-
mates from published hydrogen liquefier cost projection models. This
asserts the value of the methodologies in process modeling, preliminary
design, and TEA developed in this study, affirming their utility in
predicting the economic viability of large-scale hydrogen liquefaction
processes.

In addition to cost curves, the experience curve for hydrogen liq-
uefaction technology is predicted based on previous capital cost data
by rearranging the plant capacities in a cumulative sum array, starting
from the smallest capacity and progressing to the largest. The assump-
tion is that all of the referred liquefier concepts have been globally
installed in a sequential manner, from the smallest concept to the
largest. The manipulated data is then fitted into the experience curve
log-linear equation [65]:

𝑐 = 𝑐0

(

𝑞
𝑞0

)−𝑏
= 𝑎 ⋅ 𝑞−𝑏. (9)

The results are depicted in Fig. 10. The experience curve reveals
a constant 𝑎 of e12.23 million per plant capacity and a learning
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coefficient 𝑏 of 0.271, corresponding to a progress ratio and learning
rate of 82.87% and 17.13%, respectively. These results mean that with
each doubling of the installed global liquefaction capacity the price of
hydrogen liquefiers is predicted to drop on average by 17.13% [66].
This is comparable to solar panels, which have learning rate of around
20.20% [67].

Fig. S.18 in the Supplementary Information extends the 𝑥-axis of the
experience curve to 20,000 TPD, revealing a decrease in specific capital
investment up to e0.81 million/TPD. Using the economic assumptions
and OPEX contributions from the base scenario, this corresponds to an
overall SLC result of e1.28/kgLH2

, marking a 17.66% reduction from
the baseline SLC of e1.55/kgLH2. While promising, these findings rely
on extrapolation of preliminary cost estimates and capital investment
data that are based on varying assumptions and levels of comprehen-
siveness. In practice, technological constraints may well hinder cost
improvements at the above anticipated rate.

6. Concluding remarks & recommendation

This research streamlines the evaluation of large-scale hydrogen liq-
uefier concepts, emphasizing both technical and economic feasibility.
It introduces an alternative preliminary equipment design for the HP-
H2 Claude-cycle hydrogen liquefier concept, followed by an economic
assessment, contributing valuable insights to the development of cost-
scaling curves. The results align with existing cost curves reported by
industry and government research collaborations, thereby validating
the methodologies developed in this study.

Sensitivity analyses reveal the substantial impact of electricity price
changes on the plant’s economic performance. The study demonstrates
that the SLC for large-scale hydrogen liquefaction can meet the
literature-suggested target of US$1/kgLH2

, with an electricity cost of
approximately €0.05/kWh. However, as mentioned in Section 4, it
is important to recognize that the cost estimates in this study are
categorized as ‘‘Class 4’’ estimates, with an accuracy range of ± 30%.
The inherent uncertainty in these estimates could lead to significantly
higher or lower liquefaction costs in the actual implementation of the
concept. Despite this, the authors argue that the SLC results likely un-
derestimate liquid hydrogen’s true potential for cost-effective hydrogen
transportation and storage.

There are two key reasons for this assertion. Firstly, APEA calculates
costs assuming liquefaction facilities resemble conventional chemical
plants. In reality, hydrogen liquefaction construction significantly dif-
fers, with equipment installed in cryogenic coldboxes inside production
buildings, resulting in a smaller land footprint. Furthermore, due to the
encapsulation of most of the components within the coldbox, the plant
operation is likely to be centralized. This has the potential to reduce the
number of operating personnel compared to what would be necessary
for conventional plants. These aspects can be taken into account by
making certain adjustments in APEA, however, more construction and
operation data are needed for accuracy.

Secondly, the methodology developed for process modeling and
equipment design in this study lacks an optimization component,
thereby limiting the achievable efficiency and cost-effectiveness of
large-scale hydrogen liquefaction from its true potential. Although the
incorporation of optimization steps is desirable, it presents challenges
due to the reliance on APEA for capital cost estimation in this frame-
work. Cardella previously conducted liquefaction cost optimization by
integrating Honeywell UniSim Process Simulation with Matlab [20],
but the cost estimation relied on self-developed correlations that were
not fully published. Given the benefits, the authors highly encourage
to improve the proposed methodologies with an optimization study for
future research. However, before implementing optimization, a more
robust preliminary equipment design is deemed essential, particularly
for the catalytic PFHXs.

This study integrates Aspen EDR outcomes with the continuum
reactor model of O’Neil et al. [31] to estimate the core size for catalytic



International Journal of Hydrogen Energy 77 (2024) 383–396P.B. Tamarona et al.

l
t
t
i
s
t
h

S

c
p

D

m
c

w
i
W
t

D

c
i

PFHX design. This integration is necessary because the PFHX model
by O’Neil et al. initially devised for two-stream catalytic PFHXs, lacks
direct applicability to the prevalent three- or four-stream PFHX con-
figurations employed in large-scale hydrogen liquefaction. To enhance
design robustness, it is highly recommended to develop a dedicated
steady-state continuum reactor kinetic model for these configurations,
ensuring a solid foundation for design optimization and accurate sizing
of the catalytic PFHX.

Additionally, the design procedure for centrifugal compressors and
radial turbo-expanders can be further improved by incorporating stage
loss calculations into the design flowchart. This will enhances accuracy
in estimating isentropic efficiencies and provides additional geometric
parameters for further technical assessment and detailed equipment
designs. It is important to emphasize that even though the centrifugal
compressors designed in this study have successfully met the prelim-
inary design constraints derived from existing industrial limitations,
this type of compressors are not yet utilized in industrial hydrogen
liquefiers [20,24]. Other critical aspects of centrifugal compressors
design, including sealing and lubrication systems, must also be carefully
considered to ensure full confidence in the technical feasibility of this
equipment for large-scale pure-hydrogen compression.

The same considerations apply to radial turbines, where bearing
technology selection is crucial. Most modern hydrogen liquefiers use
static or dynamic gas bearings, which eliminate oil contamination
risks, reduce space requirements, and offer higher reliability [4,20,44].
The availability of this technology for the large-scale cryogenic plant
described in this study needs to be verified.

The economic assessment and projection conducted as part of this
research underscore the viability and economic potential of large-scale
hydrogen liquefaction. A notable contribution is the development of
an updated cost scaling curve, featuring cost estimations for hydrogen
liquefiers with capacities of up to 500 TPD—a novel addition to existing
literature.

For practical application, the authors encourage the adoption of
the proposed framework for assessing the viability of other promising
large-scale hydrogen liquefaction processes, such as the reverse-Brayton
cycle. Additionally, the authors emphasize the need for continuous
refinement in cost estimation models as more accurate data becomes
available, given the lack of actual project data used in this study. This
ongoing refinement will ensures accurate economic assessment and
enhance forecasting ability for the growing hydrogen economy.

In conclusion, the technical and techno-economic assessment in
this research suggest that large-scale HP-H2 Claude cycle hydrogen
iquefaction concept has the potential to meet the liquefaction cost
arget of US$1/kgLH2

, making it a cost-effective solution for hydrogen
ransportation and storage. However, there is room for improvement
n the developed framework, particularly in enhancing equipment de-
ign methodologies, refining cost estimations, and implementing op-
imization techniques. These advancements will contribute to making
ydrogen a more accessible and viable energy carrier for the future.

oftware and processing codes

The processing algorithm used in the equipment preliminary designs
an be found in the following GitHub repository: https://github.com/
btamarona/h2liquefaction.

esign results

The results of the preliminary designs of the main process equip-
ent can be found in the following GitHub repository: https://github.

om/pbtamarona/h2liquefaction.
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Nomenclature

Abbreviations
H2 Hydrogen
LH2 Liquid hydrogen
LN2 Liquid nitrogen
APEA Aspen Process Economic Analyzer
CAPEX Capital expenditure
CEPCI Chemical Engineering Plant Cost Index
EDR Exchanger Design and Rating
EOS Equation of state
EU European Union
HP-H2 High-pressure hydrogen
HPC High-pressure compressor
JT Joule-Thomson
LPC Low-pressure compressor
MR Mixed-refrigerant
OPEX Operating expenditure
PFD Process flow diagram
PFHX Plate-fin heat exchanger
SEC Specific energy consumption
SLC Specific liquefaction cost
TEA Techno-economic analysis
TPD Tonnes per day
TSA Temperature-swing adsorbers

Symbols
𝛥ℎ Change in enthalpy
�̇� Mass flowrate
�̇� Volumetric flowrate
�̇� Work per unit time
𝜈𝑠 Isentropic velocity ratio
𝜔𝑠 Specific speed
𝜓is Isentropic work coefficient
𝑎 Experience curve constant
𝑏 Learning coefficient
𝐶 Capital cost
𝑐 Specific cost; absolute velocity
𝑐is Spouting velocity
ℎ Enthalpy
𝐼f ix Fixed annual interest rate
𝑚 Cost curve constant
𝑛 Rotation per minute; cost exponent
𝑃 Pressure
𝑃𝑅 Pressure ratio
𝑞 Cumulative capacity
𝑆 Plant capacity
𝑡𝑝 Payment period
𝑢 Impeller wheel tip velocity
𝑧 Number of stages
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Sub- and Superscripts
0 Initial
1 Rotor inlet; equipment 1
2 Rotor outlet; equipment 2
a Annual
comp Compressor
dis Discharge
in Inlet
is Isentropic
out Outlet
stage Radial stage
suc Suction
tot Total

Appendix A. Supplementary information

Supplementary material related to this article can be found online
at https://doi.org/10.1016/j.ijhydene.2024.06.021.
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