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Nasim Heydari a,*,1, Niels J. Böcker a,1, David A. Vermaas a, Johan T. Padding b,*,  
J. Ruud van Ommen a

a Department of Chemical Engineering, Delft University of Technology, Delft, the Netherlands
b Department of Process and Energy, Delft University of Technology, Delft, the Netherlands

A R T I C L E  I N F O

Keywords:
Membrane electrode assembly
Anion exchange membrane
Multiphysics
Water balance
Homogeneous buffer reactions

A B S T R A C T

The long-term operation of CO2 electrolyzers using membrane electrode assemblies (MEAs) is limited by chal
lenges related to water management. However, the water balance in CO2 electrolyzer cells still has not been fully 
understood, and conflicting observations have been reported in the literature. In this study, a one-dimensional 
non-isothermal multiphysics model of an exchange MEA CO2 electrolyzer with a Tokuyama A201 anion ex
change membrane is developed to investigate the role of different physical and chemical phenomena on the 
water balance. The relative contributions of these processes vary with current density and membrane transport 
properties, which shift the dominant water transport mechanism in the cell. Our results highlight the significant 
contribution of homogeneous reactions, particularly OH− , to the water balance across the membrane. At low 
currents (i < 130 mA cm− 2), homogeneous buffer reactions dominate the water balance and result in net water 
production near the catalyst layer. At higher currents (i > 130 mA cm− 2), the flux is governed by electro-osmotic 
drag and a temperature gradient over the cathode gas diffusion electrode (GDE) with their relative contributions 
depending on membrane properties. Homogeneous buffering can re-emerge as the dominant mechanism at high 
currents if the hydroxide ion concentration in the membrane increases, for example under CO2-limited cathode 
conditions, allowing hydroxide ions to react with depleted bicarbonate near the anode.

1. Introduction

CO2 electrolysis offers a promising pathway for storing excess 
renewable energy in the form of chemical bonds, providing both energy 
storage and carbon mitigation benefits [1–3]. As of February 2025, the 
atmospheric CO2 concentration has reached approximately 427 ppm, 
which shows an increase of 50% over the past two centuries [4]. This 
highlights the urgent need to reduce CO2 emissions by capturing and 
converting anthropogenic CO2 emissions. By decoupling the chemical 
industry from fossil fuels, CO2 electrolysis supports the transition toward 
more sustainable processes. At the same time, it can contribute to 
emission reductions in other carbon-intensive sectors, such as energy, 
cement, and steel production [5].

Techno-economic analyses show that current densities above 200 
mA cm− 2, with high selectivity (>80%) and operational stability over 
several months at low applied potentials (<3 V), are essential for in
dustrial application [6,7]. MEAs have become a preferred design, by 

minimizing ohmic losses and mitigating issues such as electrode flood
ing and salt precipitation [3]. Nevertheless, sustaining high current 
density operation over extended periods remains challenging, with 
premature cell failure often attributed to water flooding and salt accu
mulation in the electrodes [7].

While continuum modeling of CO2 electrolysis cells has provided 
insight into overall cell performance by capturing ion transport, water 
transport, and heat transfer, there remains a lack of focused studies on 
water management. In particular, the complex interplay between 
various transport mechanisms and their influence on water flux within 
the cell is not yet well understood. This coupling is critical, as it un
derlies key stability challenges such as electrode flooding and membrane 
dry-out, both of which severely affect the durability and efficiency of 
MEAs.

Effective design of CO2 electrolysis cells requires a thorough under
standing of water management. However, the literature reveals a limited 
-and sometimes contradictory- understanding of the underlying 
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transport phenomena [8]. Moreover, most modeling studies prioritize 
overall cell performance metrics, while water transport is often treated 
as a secondary consideration [3,9].

This paper investigates the coupled transport mechanisms of water, 
ions, and heat in a CO2 reduction MEA using continuum modeling. A 
one-dimensional multiphysics cell model is developed and validated 
against experimental polarization curves and Faradaic efficiency (FE) 
data. The model is used to examine how different transport mechanisms 
interact across a range of current densities, identifying the dominant 
mechanisms under varying operating conditions. The impact of anion 
exchange membrane (AEM) properties, specifically transport parame
ters and thickness, is explored. This study provides guidelines on how 
relative contributions and interactions of different physical and chemi
cal phenomena in the cell affect the water balance, thus affecting the cell 
performance and stability.

2. Theory and model

A 1D continuum model was developed in COMSOL Multiphysics 6.2 
(Fig. 1). The model represents an exchange-MEA cell, where the cathode 
catalyst layer is composed of silver (Ag) particles to convert CO2 to 
syngas. The membrane is an AEM with a thickness of 50 μm, which is a 
typical value for Tokuyama A201 in MEA cells. The effect of membrane 
thickness is investigated in the final section of results and discussion, 
where we also study 20 and 80 μm thick AEM. A 10 nm ionomer coating 
is assumed on the catalyst particles within the catalyst layer, which has a 
total thickness of 5 μm. The adjacent diffusion medium (DM) has a 
thickness of 325 μm [10].

The anode is supplied with a fast-circulating 0.5 M KHCO3 aqueous 
electrolyte, while the cathode GDE is exposed to fully humidified CO2 
(100% RH) from the gas channel (CH) of the flow plates.

The membrane is modeled as a homogeneous solid electrolyte with a 
fixed positive charge density. The CL is modeled as a porous medium 
containing gas, liquid, and ionomer phases. Ion transport in the liquid 
phase within the CL is neglected, under the assumption that the ionomer 
provides sufficient ionic conductivity toward the Ag particles [11]. The 
anode CL is modeled as a boundary. The model is validated against 
experimental polarization curves and Faradaic efficiency (FE) data 
(Fig. S2a and b) reported by Hansen et al. [12].

2.1. Governing equations

The charge transport in the solid fractions of the DM and the CL by 
electrons is governed by charge conservation as 

∇.iS = − ∇.iL = −
∑

k

av,kik (1) 

where iS is the electronic current density, iL is the electrolyte current 
density, ik is the local current density for electrochemical reaction k 
taking place at the catalytic particle/ionomer binder interface in CL and 
av,k is the specific surface area. For the CO evolution reaction (COER), a 
correction is applied to the intrinsic specific surface area to account for 
the blocked access to active sites in the CL, av,COER = (1 − SCL)av,CL [3]. 

The right-hand side of Eq. (1) is zero for AEM and DM. The solid phase 
electronic current density is modeled with Ohm's law 

iS = − σeff
S,d∇ϕS (2) 

where σeff
S,d is the effective conductivity of the solid phase in domain d, 

determined using the Bruggeman relation 
(

σeff
S,d = ε0

S,d
1.5σS,d

)
and ϕS is 

the electronic potential in the solid. The electrolyte current density is 
calculated from the ionic species fluxes 

iL = F
∑

j
zjNj (3) 

where F is Faraday's constant, zj is the charge, and Nj is the molar flux of 
species j. Here we note already that the electronic potential in the 
electrolyte ϕL is determined by solving explicit equations for the molar 
fluxes through Eqs. (4) and (38).

The governing equation for the mass transfer of the dissolved species 
and water in the electrolyte phase, is given by the molar conservation of 
species 

∇.Nj = RCT,j+RB,j+RPT,j (4) 

where RCT,j is the volumetric source term due to charge transfer re
actions, RB,j is the volumetric source term due to homogeneous buffer 
reactions, and RPT,j is the volumetric source term due to phase transfer. 
The gaseous species H2 and CO are neglected in the electrolyte phase due 
to their low solubility.

For the gas phase species i (CO2, H2O, CO, H2) the governing mass 
conservation equation is 

∇.ji + ρG(uG.∇)ωi = RCT,i+RPT,i (5) 

where ji is the diffusive mass flux of species i, ρG is the total gas phase 
density, uG is the mass-averaged gas phase velocity, ωi is the mass 
fraction, RCT,i volumetric source term due to charge transfer reactions, 
and RPT,i is the volumetric source term due to phase transfer of species i.

For porous media, i.e., CL and DM, the general momentum balance of 
each phase can be simplified to Darcy's Law 

up = −
keff

d,p

μp
∇pp (6) 

where up is the mass-average velocity, keff
d,p is the effective permeability, 

μp is the dynamic viscosity, and pp is the pressure of phase p. The mass 
balances for the gas and liquid phase are given as 

∇.
(
ρp up

)
= Φp (7) 

where ρp is the density, and Φp is the volumetric mass source term, 
calculated by Eqs. (74) and (75).

2.2. Multiphase flow in porous media

The capillary pressure in porous domains is defined as 

Fig. 1. Schematic view of the exchange-MEA cell and the representative domain (not to scale). The domain contains the anode as the interface on the left (at 0 μm), 
the anion exchange membrane (AEM), catalyst layer (CL), diffusion medium (DM), and finally the gas channel (CH) as the interface on the right.
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pcap = pL − pG (8) 

The liquid saturations of the porous domains are determined by 
interpolating experimental water saturation data from Zenyuk et al. [13]
(Fig. S1). The effective permeability of the porous media is dependent on 
saturation through the relative permeability 

keff
d,P = ksat

d kr
d,P (9) 

where ksat
d is the saturated permeability of domain d, and kr

d,P is the 
relative permeability for phase p. The relative permeability is calculated 
for the liquid and gaseous phases according to 

kr
d,L = (Sd)

3 (10) 

kr
d,G = (1 − Sd)

3 (11) 

where the gas saturation of the pores is (1 − Sd), and a cubic dependence 
is assumed for the relative permeability on water saturation [14]. 
Furthermore, the volume fraction of different phases in the porous do
mains is defined as 

εS,d = 1 − ε0
d (12) 

εI,d = ε0
d fI,d (13) 

εL,d = ε0
d

(
1 − fI,d

)
Sd (14) 

εG,d = ε0
d

(
1 − fI,d

)
(1 − Sd) (15) 

where ε0
d is the intrinsic porosity of domain d and fI,d is the volume 

fraction of ionomer within the pore space. Furthermore, other effective 
properties in the porous domains are corrected for the porosity and the 
tortuosity following Bruggeman's equation 

Xeff
d,P =

(ε
τXbulk

)

d,P
=
(
ε3/2Xbulk)

d,P (16) 

where Xeff
d,P is the effective property in domain d for phase p.

2.3. Electrochemistry

Charge transfer reactions occur at the anode and at the cathode. At 
the anode interface the oxygen evolution reaction (OER) occurs ac
cording to both acidic and alkaline reactions 

2H2O→O2 +4H+ +4e− (17) 

4OH− →O2+2H2O+4e− (18) 

While at the porous cathode catalyst/ionomer interface the hydrogen 
evolution reaction (HER) and CO evolution reaction (COER) occur. The 
HER proceeds through both the acidic and alkaline reactions 

2H+ +2e− →H2 (19) 

2H2O+2e− →H2+2OH− (20) 

The COER proceeds via 

CO2 +H2O+2e− →CO+2OH− (21) 

The kinetics for these reactions are modeled with the Tafel equation, 
including a concentration or water activity dependent term for the 
cathode (COER, HER in base, HER in acid) and anode (OER in base, OER 
in acid), respectively. 

iCOER = − io,COER

(
cCO2

1[M]

)1.5

aw exp
(

−
αc,COERF

RT
ηCOER

)

(22) 

iHER,base = − io,HER,baseaw
2 exp

(

−
αc,HERF

RT
ηHER

)

(23) 

iHER,acid = − io,HER

(
cH+

1[M]

)

aw exp
(

−
αc,HERF

RT
ηHER

)

(24) 

iOER,base = − io,OER

(
cOH−

1[M]

)

exp
(

−
αa,OERF

RT
ηOER

)

(25) 

iOER,acid = − io,OER exp
(

−
αa,OERF

RT
ηOER

)

(26) 

where for charge transfer reaction k, io,k is the exchange current density, 
αc,k and αa,k are the cathodic and anodic transfer coefficients, and ηk is 
the reaction overpotential. An expression for the water activity aw will 
be introduced later.

The exchange current density is modeled with an Arrhenius expres
sion 

io,k = Akexp
(

−
Ea,k

RT

)

(27) 

where Ak is the pre-exponential factor, and Ea,k the apparent activation 
energy. The reaction overpotential is defined as 

ηk = ϕS − ϕL − Eeq,k (28) 

where ϕL is the electrolyte potential, and Eeq,k is the reaction equilibrium 
potential calculated with a simplified Nernst equation 

Eeq,k = E0
eq,k −

2.303RT
F

pH (29) 

where E0
eq,k is the standard reduction potential defined at pH = 0.

The electrochemical reactions contribute to the source terms RCT,j 

and RCT,i for the dissolved species (CO2, H+, OH− , H2O) and for the 
gaseous species (CO and H2) 

RCT,j = −
∑

k

νj,kav,kik
nkF

(30) 

where νj,k is the stoichiometric coefficient of species j in reaction k, and 
nk the number of electrons involved in the reaction. The specific surface 
area is corrected to av,COER = (1 − SCL)av,CL for COER [3].

2.4. Homogeneous reaction chemistry

In the electrolyte phase, the membrane and the ionomer, the 
following homogeneous buffer reactions occur 

H2O ̅̅̅̅̅→←̅̅̅̅̅
k1 ,k− 1 H+ +OH− (31) 

CO2 +H2O ̅̅̅̅̅→←̅̅̅̅̅
k2 ,k− 2 H+ +HCO−3 (32) 

HCO−3 ̅̅̅̅̅→←̅̅̅̅̅
k3 ,k− 3 H+ +CO2−

3 (33) 

CO2 +OH− ̅̅̅̅̅→←̅̅̅̅̅
k4 ,k− 4 HCO−3 (34) 

HCO−3 +OH− ̅̅̅̅̅→←̅̅̅̅̅
k5 ,k− 5 CO2−

3 +H2O (35) 

where kn and k− n are rate constants of the forward and backward re
actions for reaction n. Kn is the equilibrium constant of reaction n, 
(Kn = kn/k− n), which is given as a function of temperature according to 
the Van't Hoff equation 

Kn = exp
(

ΔSn

R

)

exp
(

−
ΔHn

RT

)

(36) 
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with ΔSn the change of entropy and ΔHn the change of enthalpy of re
action n. The source term of each species due to these homogeneous 
reactions can then be calculated as 

RB,j = εI

∑

n
νj,n

⎛

⎝kn

∏

νj,n<0

cj − k− n

∏

νj,n>0

cj

⎞

⎠ (37) 

where εI is the volume fraction of the electrolyte, νj,n is the stoichio
metric coefficient of species j for reaction n, and cj is the dissolved 
species concentration.

2.5. Dissolved species transport

The molar flux of dissolved species (CO2, H+, OH− , HCO3
− , CO3

2− ) is 
calculated with the Nernst-Planck equation 

Nj = − Deff
j ∇cj − zjF

Deff
j

RT
cj∇ϕL (38) 

where Deff
j is the effective diffusion coefficient in the ionomer of species 

j, zj is the species charge and cj is its concentration. The electroneutrality 
constraint is also applied to calculate the K+ concentration in the elec
trolyte phase, which is accurate over lengths that exceed the double 
layer thickness of a few nanometers 

cM+
∑

j
zjcj = 0 (39) 

where cM is the fixed charge concentration within the electrolyte phase. 
The diffusion coefficients of species in the electrolyte phase (Dj,M) are 
calculated from Grew et al. [15,16]

Dj,M = ϵq
w

Dj

xw
(
1+ ψ j

) (40) 

where ϵq
w is the water volume fraction in the membrane, q is the mem

brane tortuosity parameter, Dj is the diffusion coefficient of j in pure 
water, xw is the mole fraction of water in the membrane, and ψ j is the 
ratio of species/water to species/membrane interaction. ψ j is approxi
mated from kinetic theory by 

ψ j =
1
λ

(
VM

Vw

)2/3
(

M*
j,M

M*
j,w

)1/2

(41) 

where λ is the membrane water content, defined as number of water 
molecules per charged group, VM is the membrane molar volume, Vw the 
molar volume of water, and M*

j,M, M*
j,w is the reduced molar mass 

calculated as 

M*
j,h =

(
1
Mj
+

1
Mh

)− 1

h = M,w (42) 

where Mj is the molar mass of species j, Mw the molecular mass of water, 
and MM = 1/IEC the molecular mass of the membrane. The mole frac
tion of water in the membrane and the volume fraction of water are 
calculated as 

xw =
λ

1+ λ
(43) 

ϵw =
λVw

VM + λVw
(44) 

2.6. Gas transport

Gas transport in the CL and DM is modeled using the mixture- 
averaged model derived from the Stefan-Maxwell framework. The 

diffusive mass flux of gaseous species i is calculated with 

ji = − ρGDeff
i ∇ωi − ρGωiDeff

i
∇Mn

Mn
(45) 

where ρG is the total gas density, Deff
i is the effective diffusion coefficient, 

ωi is the weight fraction of species i, and Mn =
∑

i

(
ωi
Mi

)− 1 
is the mixture 

average molecular weight. The diffusion coefficient of species i is 
calculated based on the contributions by the species-species diffusion 
coefficient (DSM

i ) and the Knudsen diffusion coefficient (DK
i ) 

Di =

(
1

DSM
i
+

1
DK

i

)− 1

(46) 

where DSM
i = 1− ωi∑

n∕=i
yn

Di,n 

and DK
i =

2rpore,d
3

̅̅̅̅̅̅̅
8RT
πMi

√
.

Where yn is the gas mole fraction, Di,n is the binary diffusion coeffi
cient between species i and n, and rpore,d is the average pore radius within 
domain d. The binary diffusion coefficient is determined as [17]

Di,n
[
cm2s− 1] =

10− 3T[K]1.75
(

Mi
[
g mol− 1]− 1

+Mn
[
g mol− 1]− 1 )0.5

pG[atm]
(

v0.33
P,i + v0.33

P,n

)2 (47) 

where pG is the total gas pressure, and vP,i is the diffusion volume of 
species i.

2.7. Water transport

The model used to describe the water flux was derived from 
concentrated solution theory by Weber et al. for Nafion CEMs [18–20]. 
The molar water flux is given by 

Nw = − αeff
w ∇μw+

∑

j
ξjNj (48) 

where αeff
w is the effective water transport coefficient in the membrane, 

μw is the chemical potential of water in the membrane, and ξj is the 
electro-osmotic drag coefficient (EOC) for ion j. The chemical potential 
of water is given by 

μw = RTlnaw+Vw
(
pM − pref) (49) 

where aw is the activity of water in the membrane, pM is the liquid water 
pressure in the membrane, and pref is the reference pressure of 1 atm. To 
estimate the liquid water pressure, we assume the chemical potentials of 
the liquid and vapor sections equal, arriving at 

pM =

⎧
⎨

⎩

μw

Vw
+ pref , if

μw

Vw
+ pref ≥ 0

0, otherwise
(50) 

aw = exp
(μw − Vw

(
pM − pref

)

RT

)

(51) 

The fraction of pores that are liquid filled in equilibrium is calculated 
through [19]

SM =
1
2

⎡

⎢
⎢
⎣1 − erf

⎛

⎜
⎜
⎝

ln
(
− 2γcos90.02

pM
− ln1.25

)

0.3
̅̅̅
2
√

⎞

⎟
⎟
⎠

⎤

⎥
⎥
⎦ (52) 

where γ is the surface tension of water. The value of SM determines the 
relative contributions of the liquid and vapor-equilibrated transport 
modes to the overall transport coefficient through 

αeff
w = SMαL+(1 − SM)αV (53) 
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where αL is the liquid-equilibrated transport coefficient, and αV is the 
vapor-equilibrated transport coefficient. The transport coefficients are 
defined as [19]

αV =
cwDw

RT(1 − xw)
(54) 

αL =
ksat

M
ηwV2

w

(
ϵw

ϵw,max

)2

(55) 

where cw is the water concentration in the membrane, Dw is the diffusion 
coefficient of vapor-equilibrated membrane, ksat

M is the membrane satu
rated permeability, ηw is the dynamic viscosity of water. The concen
tration of water is calculated assuming free swelling with 

cw =
λ

Vwλ+ VM
(56) 

The water content in the membrane depends on whether the mem
brane is contacted with liquid water or vapor (Schröders paradox) and is 
calculated as 

λ = λLSM+ λV(1 − SM) (57) 

where λV is the vapor equilibrated water content, and λL is the liquid 
equilibrated water content, which are provided in Table S1. Due to 
limited data availability for the EOC of specific ions, Weng et al. [3] used 
an average value and determined the overall EOC (ξA) as 

ξA = ξLSM+ ξV(1 − SM) (58) 

Hence, the second term in Eq. (45) is replaced with 

∑

j
ξjNj = − ξA

iL

F
(59) 

2.8. Heat transport

The heat transport equation is given as 

∇.
(
− keff

T,d∇T
)
= QCT+QB+QPT+QJ (60) 

where kT,d is the effective thermal conductivity of domain d, QCT is the 
volumetric heat source due to charge transfer reactions, QB is the heat 
source due to homogeneous reactions, QPT is the heat source due to 
phase transfer, and QJ is the heat source due to ohmic heating.

The effective thermal conductivity in each domain is calculated by 
averaging the respective thermal conductivities of each phase. For the 
membrane 

kT,M = ϵwkT,w+(1 − ϵw)kM,dry (61) 

where kT,w is the thermal conductivity of pure water, and kM,dry is the 
thermal conductivity of the dry membrane. For all other domains 

keff
T = kbulk

T,S + εGkT,G+ εLkT,w+ εIkT,M (62) 

where kbulk
T,S is the dry bulk thermal conductivity of domain d, kT,G is the 

thermal conductivity of the humidified air.
Heating due to charge transfer reactions has two different contri

butions, one for irreversible heating and one for reversible heating. 

QCT,irr =
∑

k
iv,kηk (63) 

QCT,rev =
∑

k
iv,kΠk (64) 

Here Πk is the Peltier coefficient for reaction k. The Ohmic heating 
for the solid and liquid phases are given as 

QOhmic,L =
i2
L

σeff
L

(65) 

QOhmic,S =
i2
S

σeff
S

(66) 

where the electrolyte effective conductivity (σeff
L ) is calculated as 

σeff
L =

F2

RT
∑

j
z2

j cjDeff
j (67) 

Heat generation by the homogeneous reactions is expressed by 

QHR = − εI

∑

n
ΔHn

⎛

⎝kn

∏

νn,j<0

c− νn,j
j − k− n

∏

νn,j>0

cνn,j
j

⎞

⎠ (68) 

where ΔHn is the enthalpy change of reaction n. The heat source due to 
condensation/evaporation of water is 

QPT = ΔHw,vap Rw,PT = ΔHw,vap
(

Rw,G→I +Rw,G→L
)

(69) 

where Rw,PT is the phase transfer rates.

2.9. Phase transfer

The molar rate of phase transfer of CO2 from the gas phase to the 
ionomer is calculated as 

RPT,CO2 = av,COER kMT,CO2

(
pG yCO2 HCO2 − cCO2

)
(70) 

where kMT,CO2 is the mass transfer coefficient and HCO2 is Henry's con
stant for CO2.

Phase transfer of water occurs between three different phases: the 
gas phase, the liquid phase, and the ionomer phase. For transfer from the 
gas phase to the ionomer 

Rw,G→I = av kMT,V

(
RH
100
− aw

)

(71) 

where kMT,V is the water vapor mass transfer coefficient. Phase transfer 
of water from the liquid phase to the ionomer is calculated with 

Rw,L→I = av
kMT,L

RT
(pL − pm) (72) 

where kMT,L is the liquid water mass transfer coefficient. Furthermore, 
water condensation and evaporation occur between the liquid and gas 
phases. The phase transfer of water from gas to liquid phase can occur in 
both the CL and the DM and is given by 

Rw,d,G→L = kʹ
MT(RH − 100%)

[

H0

(
pL

1[Pa]

)
(
Sd − Sd,res

)
+H0(RH − 100%)

]

(73) 

where ḱMT is an arbitrarily large mass transfer coefficient to ensure 
equilibrium between gas and liquid phases, H0 is the Heaviside step 
function centered at zero, Sd,res is the residual water saturation in 
domain d, which is the minimum water saturation taken from the 
capillary pressure-saturation curves. Eq. (73) ensures that as long as (1) 
the liquid pressure pL is positive, (2) the liquid saturation Sd is larger 
than Sd,res, and (3) the relative humidity RH in the gas phase is less than 
100%, water will evaporate. This process will continue until the relative 
humidity is 100%. The second term ensures that whenever the relative 
humidity exceeds 100%, condensation occurs. The gas phase mass bal
ance involves the phase transfer of CO2 and H2O, and the production of 
H2 and CO due to the charge transfer reactions 
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ΦG = − MCO2 RPT,CO2 − Mw
(

Rw,m,G→L +Rw,G→I
)
+

∑

i∕=CO2 ,H2O
MiRCT,i (74) 

For the liquid phase, only the phase transfer of liquid water con
tributes the total volumetric mass source 

ΦL = Mw
(

Rw,d,G→L − Rw,L→I
)

(75) 

2.10. Boundary conditions

The electrode potential ϕS is zero at the DM/CH boundary and set to 
the applied cell potential at the anode (varied from 2 V to 3.1 V). The 
dissolved species have a no-flux condition at the CL/DM boundary, 
while the anode boundary has a fixed concentration boundary deter
mined by considering the Donnan potential defined as, 

cM
j = cE

j exp
(

−
ziF
RT

ΔϕD

)

(76) 

where cM
j is the concentration of species j in the membrane, cE

j is the 
concentration in the exchange solution, and ΔϕD = ϕM

L − ϕE
L. ΔϕD is the 

Donnan potential, which is the electric potential difference at the 
interface between the membrane 

(
ϕM

L
)

and the exchange solution 
(
ϕE

L
)
, 

caused by the fixed background charge of the AEM. The gas feed stream 
is 100% humidified CO2. At the membrane/CL boundary, a no-flux 
condition is applied for the gaseous species. The gas pressure pG is set 
to 1 atm in the gas channel (CH), and a no-flow boundary condition is set 

at the AEM/CL interface, assuming the gas phase does not penetrate the 
membrane. The porous DM will maintain a pressure imbalance between 
liquid and gaseous phases due to capillary forces. Once pL > pG an 
outward flux at the DM/CH interface is assumed, with an arbitrarily 
large mass transfer coefficient to maintain pressure balance. 

nw = ρwu = 1 kg m− 2s− 1
(

pL − pG

1[Pa]

)

H0

(
pL − pG

1[Pa]

)

(77) 

For the water transport in the membrane, the chemical potential is 
set to zero at the anode, and a no-flux condition is applied at the CL/DM 
interface. The liquid pressure at the anode is assumed to be 1 atm.

Heat transfer at the anode and DM/CH boundary is modeled with a 
heat flux, where heat transfer coefficients were fitted with the results 
reported by Hurkmans et al. [21], 

q = hT
(
T − Top

)
(78) 

where Top is the inlet temperature of the liquid anolyte and gas feed, i.e., 
293.15 K.

3. Results and discussion

3.1. Ion distribution and ionic conduction

The ion distribution within the membrane and catalyst layer is 
evaluated in terms of the anionic fraction (Fig. 2a–c), defined as 

Fig. 2. The anion fractions in the membrane and CL as a function of position at current densities of (a) 10 mAcm− 2 (b) 100 mAcm− 2 and (c) 1000 mAcm− 2. The 
dashed line indicates the membrane/CL interface. (d) The transference numbers of the anions as function of position in the membrane at three different current 
densities (solid lines 10 mA cm− 2, dotted lines 100 mA cm− 2 and dashed lines 1000 mA cm− 2).
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cj/
(

cHCO−3 + cCO2−
3
+ cOH−

)
. The corresponding concentration profiles of 

each ion are shown in Fig. S3. At low current densities, the membrane 
predominantly contains HCO3

− (Fig. 2a), as bicarbonate is the main 
anionic species in the anolyte. As the current density increases, both the 
CO evolution reaction and hydrogen evolution reaction generate OH− . 
This results in an increase in local pH within the catalyst layer and across 
the membrane (Fig. S3d). The homogeneous reactions (Eqs. (34) and 
(35)) convert dissolved CO2 into HCO3

− and subsequently into CO3
2− in 

the presence of OH− . Consequently, at a current density of 100 mA 
cm− 2, the membrane exhibits a gradient in composition: predominantly 
HCO3

− near the anode side, and mostly CO3
2− toward the cathode side 

(Fig. 2b). At a higher current density of 1000 mA cm− 2, the membrane 
contains almost entirely CO3

2− (Fig. 2c), with a slight increase in OH−

fraction observed within the CL.
Fig. 2d shows the anion transference numbers in the membrane, 

defined as 
(
zjFNj

)
/iL, which represent the fraction of total ionic current 

carried by ionic species j. A positive transference number indicates that 
the ion contributes to charge transport in the direction of the electric 
current, whereas a negative value shows charge transport against the 
current. At a low current density of 10 mA cm− 2, the transference 
number for CO3

2− ranges from 1.5 to 2, while that for HCO3
− is between 

− 0.5 and − 1. This indicates that HCO3
− carries charge that counters the 

electric current, driven by its concentration gradient, which arises due to 
the conversion of HCO3

− to CO3
2− . The transference number of CO3

2−

exceeds unity to compensate for the transport of HCO3
− against the 

current. As the current density increases, the transference number for 
CO3

2− converges to approximately 1, while those for HCO3
− and OH−

approach zero, consistent with their reduced presence as shown in the 
anion fraction profiles (Fig. 2c).

Notably, OH− does not significantly contribute to ionic conduction in 
the membrane at any current density. Comparing this to the model 
developed by Lees et al. [9], a clear divergence is observed. Their model 
shows similar results at 10 mA cm− 2. However, at higher current den
sities, they predict a decrease in the CO3

2− transference number from 2 to 
0, while the OH− transference reaches unity across the membrane at 
1000 mA cm− 2, indicating OH− as the dominant charge carrier. A key 
difference in their approach lies in the incorporation of a correction to 
CO2 solubility in the ionomer to account for the salting-out effect. 
Additionally, their phase transfer coefficient for CO2 from the gas phase 
to the ionomer (kMT,CO2 ) is two orders of magnitude lower than the value 
considered in this study. Both factors reduce the predicted CO2 con
centration within the ionomer and are further compared in the following 
paragraph.

The reduced CO2 concentration in the CL ionomer limits the rate at 
which OH− is consumed and CO3

2− is generated via homogeneous re
actions. As a result, the electrochemical generation of OH− can exceed 
its consumption, leading to conversion of the membrane into an OH−

form. To investigate this effect, the CO2 solubility correction applied by 
Lees et al. [9] was implemented, and the CO2 gas-to-ionomer mass 
transfer coefficient was reduced to the value used in their study. These 
modifications led to similar CO2 concentration profiles and ion trans
ference behavior as observed by Lees et al. [9], as shown in Fig. S5. The 
CO2 concentration profiles with the parameters used in this study 
(Table S1) are shown in Fig. S4. Experimental measurements of anode 
gas composition confirm that CO3

2− is the dominant charge carrier in 
both Sustainion and PiperION membranes employed in exchange-MEA 
configurations for CO2 reduction [22,23]. Hence, it is unclear if the 
CO2 solubility correction is appropriate in this context. The values Lees 
et al. [9] used to estimate reduced CO2 solubility are based on data from 
water/salt solutions, which may not accurately reflect the behavior of 
CO2 in the ionomer phase [24], as the membrane used in their simula
tions (Sustainion) has been reported to have a CO2 solubility approxi
mately 20 times higher than that in water [25]. Additionally, the kMT,CO2 

applied by Lees et al. [9] is estimated based on experimental data for a 
0.1 M KOH solution. Conversely, the model in this study does not 

account for the decrease in reactant CO2 available for the CO2R due to 
salt formation and the resulting CO2 blockage. This needs further 
investigation since the GDE flooding initially caused by the salt forma
tion dissolves KHCO3 and allows CO2 recovery at the CL [26]. Hence, a 
more relevant conclusion is CO2 transport can be limited by salt pre
cipitation or electrode flooding – leading to a transition to an OH− form 
membrane. However, these effects are primarily driven by mass trans
port limitations rather than solubility constraints [26]. Knowing the ions 
profiles in the ionomer, in the next section we investigate water trans
port and different components of water flux in the ionomer.

3.2. Dominant water transport mechanisms

At lower current densities (10–100 mA cm− 2) the water flux through 
the membrane is negative, meaning net water is transported from the 
cathode to the anode. As the current density increases, the water flux 
becomes positive and continues to rise with increasing current density 
(Fig. 3a). Note that the sharp variation in water flux near the CL is 
caused by homogeneous reactions, in which water is either consumed or 
generated.

The water flux components driven by the chemical potential gradient 
and electro-osmotic drag act in opposite directions (Fig. 3b). As the 
current density increases, the electro-osmotic flux also increases. To 
sustain the water flux required by the CL, a negative chemical potential 
gradient is established across the membrane. For a liquid-equilibrated 
membrane, this results in a reduction of liquid pressure in both the 
membrane and the CL, which in turn lowers the capillary pressure in the 
CL and decreases the liquid saturation of the pores (Fig. S6a and b). 
Similar results were shown by Weng et al. [3] for the liquid pressure 
gradient and water saturation in the CL.

The water flux through the membrane can be normalized by the 
water consumption required by the electrochemical reactions. This 
normalized water flux, denoted by β = Nw/(iL/F), is commonly used in 
fuel cell studies to assess the impact of water transport on performance 
[14,27]. In hydroxide exchange membrane fuel cells (HEMFCs), a β 
value of 0.5 in the membrane indicates that just enough water is sup
plied to sustain the electrochemical reaction [14]. Previous work that 
applied this concept to evaluate water transport in an exchange-MEA 
used for CO2RR suggested that a negative β value indicates water is 
primarily sourced from the humidified CO2 stream, whereas a positive β 
suggests that the water reactant is supplied by the anolyte [9]. We 
calculated β values for different current densities (shown in Fig. S7). At 
current densities below 100 mA cm− 2, β is negative; it becomes positive 
at higher current densities. According to the relatively small magnitude 
of β, the water supply remains insufficient to fully sustain the COER; 
however, below we explain that β may not be a suitable parameter to 
assess the water transport in CO2 electrolyzers.

A comprehensive water balance across the entire domain is pre
sented in Fig. 4a, comparing the water flux at the anode boundary (x = 0 
μm) with the flux at the DM/CH boundary (x = 380 μm). The water flux 
is defined as positive when directed from the anode toward the cathode 
channel. At low current densities, the water flux at the anode boundary 
is outward, exiting the cell. At a current density of around 130 mA cm− 2, 
the flux becomes inward, increasing further with rising current density. 
At the DM/CH boundary, the water flux remains outward at all current 
densities. The difference between these two fluxes represents the net 
water flux consumed within the cell. An outward water flux at the DM/ 
CH suggests that the humidified CO2 stream is not the water source for 
the electrochemical reactions. However, at low current densities, the 
water is neither supplied from the anode. Surprisingly, the net water 
consumption is negative at low current densities, indicating that water is 
produced within the cell.

To further analyze this behavior, the net water consumption is 
normalized by the stoichiometric water requirement of the electro
chemical reactions, resulting in the relative water consumption shown 
in Fig. 4b. At current densities below 130 mA cm− 2, water is produced in 

N. Heydari et al.                                                                                                                                                                                                                                Chemical Engineering Journal 532 (2026) 174240 

7 



excess – up to 46% more than the stoichiometric demand. A balance 
point is reached at 130 mA cm− 2. At higher current densities, the rela
tive water consumption remains below 5% of the stoichiometric 
requirement and gradually decreases as the current density increases.

These figures highlight the importance of homogeneous reactions in 
the overall water balance, as these are the only mechanisms capable of 
reducing net water consumption through water production. At low 
current densities (i < 130 mA cm− 2), there is a large flux of HCO3

− to
ward the cathode. The homogeneous reaction producing CO3

2− (Eq. (35)) 
dominates due to its higher rate constant compared to the reaction that 
forms HCO3

− (Eq. (34)). The overall net reduction reaction is then the 
sum of the COER and the CO3

2− -producing buffer reaction 

CO2 +2HCO−3 +2e− →2CO2−
3 +CO+H2O (79) 

This results in a net production of water, as shown in Fig. 4b. At 
higher current densities, HCO3

− is depleted, first in the CL, and subse
quently in the membrane (see Fig. S3b). This depletion limits the rate of 
the CO3

2− -producing reaction, causing it to approach the rate of the 
HCO3

− producing buffer reaction. The overall net reaction then becomes 

2CO2+2e− →CO2−
3 +CO (80) 

In this case, no net water is produced or consumed. Deviation from a 
perfectly balanced system is expected, as the buffer reactions are not at 

equilibrium. The sensitivity analysis shows that the CO2 + OH− ⇌HCO−3 
reaction is the dominant kinetic pathway controlling the buffer reactions 
water source. Thus, the water balance is highly sensitive to the value of 
k4 (Fig. S9). This reaction directly controls the local OH− concentration. 
The heat and mass transfer parameters do not affect the transition point, 
and they only impact the water flux and once the net reaction follows Eq. 
(80), the water balance may change based on the transfer coefficients.

At current densities above 130 mA cm− 2, the water flux entering the 
membrane increases with current density, whereas the flux required to 
sustain electrochemical consumption plateaus (Fig. 4a). This increasing 
flux is due to the rise in temperature of the CL (Fig. S8), which elevates 
the vapor pressure of the liquid water present and thereby increases the 
mole fraction of H2O in the gas phase. As a result, the diffusive flux of 
H2O toward the gas channel exceeds the convective flux toward the CL, 
leading to a net water transport out of the cell.

The relative humidity at the DM/CH boundary decreases due to the 
rise in temperature and the constant mole fraction of water, while it 
remains at 100% in the CL due to equilibration with the liquid water 
present. This indicates that at higher current densities, the temperature 
gradient, and not the electrochemical consumption of water, dominates 
the water flux across the cell. This was confirmed by running the model 
in isothermal mode, where the total water flux through the membrane 
matches the net water consumption or production.

Fig. 3. (a) The total water flux throughout the membrane for different current densities. (b) The diffusive chemical potential driven water flux (grey) and the electro- 
osmotic water flux (yellow) at different current densities: solid lines 10 mAcm− 2, dotted lines 100 mAcm− 2, dashed lines 500 mAcm− 2, and dash-dotted lines 
1000 mAcm− 2.

Fig. 4. (a) Water balance on the entire domain, by comparing the flux at the anode/membrane boundary, DM/CH boundary and the net consumption of water. (b) 
Relative water consumption, i.e., net water consumption flux normalized by the stoichiometric amount required by the electrochemical reactions.
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The removal of water by the CO2 gas stream, contrary to the intended 
use of supplying water through humidification of the CO2 gas, has also 
been reported experimentally [28–30]. The flattened net water flux 
profile indicates that the use of a humidified CO2 feed may not be 
necessary at high current densities when a liquid anolyte is used, as 
suggested by Lees et al. [9]. They observed the opposite trend at inter
mediate current densities (the range where CO3

2− was reported as the 
main charge carrier, i.e., 200 mA cm− 2), where H2O vapor diffused into 
the CL. This is due to a lower Faradaic efficiency for CO in their model 
and a lower water transport coefficient in the membrane.

Our findings highlight the importance of coupling between heat 
transfer and water transport at high current densities, which has also 
been found to be significant in PEMFC [31]. The magnitude of this effect 
is sensitive to the boundary conditions for both heat and mass fractions 
at the DM/CH interface. Hurkmans et al. [21] included a 2D gas channel 
in their model and showed that exchange MEAs can experience up to a 
10 K temperature increase along the flow direction. Therefore, the heat 
flux boundary condition used here is a conservative estimate. The effect 
is significant because water vapor pressure increases exponentially with 
temperature, amplifying the water mole fraction gradient and poten
tially enhancing the outward water flux. This flux can saturate the 
channel and elevate the H2O mass fraction at the boundary. A 2D model 
is required to investigate this effect along the flow channel more accu
rately, as it depends strongly on the feed gas flow rate.

Our analysis helps clarify the discussion presented by Garg et al. [8]
regarding the increasing water flux into the cathode with increasing 
current density, as experimentally reported by Reyes et al. [29].

Our results also show that in models where homogeneous water 
production contributes significantly, using the water balance coefficient 
β seems not to be suitable. However, for designs with a lower CO2 sol
ubility that limits homogeneous reaction rates, β might remain a valid 
metric [9]. In the next two sections we will investigate the effects of the 
membrane properties on the water balance and the mechanisms gov
erning water transport.

3.3. Influence of membrane transport properties

Next, we investigate the influence of water transport parameters in 
the membrane to evaluate their effects on water balance and membrane 
hydration. The values of the water transport coefficients reported in 

modeling literature vary by orders of magnitude (see Table 1). On the 
other hand, the water diffusivity as a function of water content and 
temperature has been experimentally investigated for various AEMs, 
including Tokuyama A201 [32,33], HMT-PBMI [34], Fumapem FAA3 
[34,35], and Piperion [35]. However, interpreting such measurements is 
challenging due to variations in experimental conditions and the pres
ence of multiple transport mechanisms within the membrane. In 
particular, the decoupling of internal and external transport resistances 
is often neglected, which can be significant, especially for membranes 
exposed to vapor-phase conditions [22]. Table 2 shows experimentally 
measured water diffusivities in membranes, where the vapor- 
equilibrated water transport coefficient is calculated using Eq. (54).

To explore the range of water transport coefficients reported in the 
literature, we vary the effective transport coefficient from its original α 
value to 0.01α. The higher end of this range aligns with values used by 
Weng et al. [3] and Hurkmans et al. [21] (first row in Table 1), whereas 
the lower end, used in the modeling study by Gerhardt et al. [14] (last 
row in Table 1), is approximately two orders of magnitude smaller and 
better reflects experimentally measured values (Table 2).

Simultaneously, we perform a parametric study on the influence of 
the effective electro-osmotic coefficient by increasing ξ by a factor of 4. 
This adjustment aligns with recent measurements of ion transport 
numbers in AEMs by Petrovick et al. [36]. Since the membrane contains 
predominantly CO3

2− , a higher electro-osmotic drag is expected, as CO3
2−

has a reported transport number of ξCO2−
3
= 20. In Fig. 5, (α, ξ) represents 

the hydrated case, i.e., a membrane with a low water transport resis
tance and a small electro-osmotic drag coefficient. The dehydrated case 
(0.01α, 4ξ) represents a membrane with a low water transport coeffi
cient and high EOD. These two cases represent the two limits of oper
ation (low versus high water transport resistance) and are hereafter 
referred to as the hydrated case and the dehydrated case, respectively.

The average water content in the membrane decreases with 
increasing current density. However, as shown in Fig. 5a the extent of 
membrane dehydration varies significantly between the cases. The hy
drated case (α, ξ) shows full membrane hydration, even at high current 
densities. Increasing the electro-osmotic drag coefficient leads to partial 
membrane dehydration at high current densities. Significant dehydra
tion occurs for the dehydrated case (0.01α,4ξ) with lower water trans
port coefficient and higher EOD (0.01α, 4ξ).

Our results qualitatively agree with neutron imaging experiments by 
Dische et al. [30], who observed that membrane and cathode GDE 
dehydration increases with current density up to approximately 200 mA 
cm− 2, with drier conditions in the cathode GDE. The maximum current 
density achieved at 3.1 V decreases with increasing membrane dehy
dration, from 1400 mA cm− 2 for the hydrated case to 900 mA cm− 2 for 
the dehydrated case. This is due to the lower ionic conductivity in the 
dehydrated membrane, which increases the ohmic resistance.

On the anode side, the water content remains constant at its liquid- 
equilibrated value of λ = 17, and only decreases slightly in the hy
drated case. In contrast, the dehydrated case exhibits a liquid- 

Table 1 
Water transport parameters assumed in continuum models.

αL [mol2/(J⋅cm⋅s)] αv [mol2/(J⋅cm⋅s)] Ref. Notes

6.3× 10− 7 6.3× 10− 9
[3,21]

293 K

2× 10− 9 2× 10− 9
[9]

Sustainion, 50 ◦C

3× 10− 9 3.4× 10− 10
[14]

293 K

Table 2 
Water transport parameters measured experimentally for specific membranes.

D [m2/s] Membrane Ref. Method T [◦C] αv [mol2/(J⋅cm⋅s)]

6× 10− 10 Tokuyama A201
[32]

PFG-NMR 30 5.22× 10− 10

3× 10− 10 Tokuyama A201
[33]

LVP 30 2.61× 10− 10

4.9× 10− 10 HMT-PMBI
[34]

LVP 70 4.35× 10− 10

2× 10− 10 Fumapem FAA3
[34]

LVP 70 1.74× 10− 10

5.2× 10− 10 Fumapem FAA3
[35]

LVP 30 4.52× 10− 10

2.4× 10− 10 Piperion
[35]

LVP 30 2.10× 10− 10
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Fig. 5. (a) Average water content in the membrane as a function of current density for α to 0.01α, and ξ to 4ξ. (b) The water content profile throughout the 
membrane and CL for the hydrated case (α, ξ) and dehydrated case (0.01α,4ξ).

Fig. 6. (a) The water flux at the anode/membrane interface as a function of current density for the hydrated (magenta solid line), dehydrated (dotted line), and a 
case in between (grey solid line). The inset shows negative water fluxes at lower current densities. (b) The water activity in the membrane and CL at 600 mAcm− 2 for 
same cases as in (a).

Fig. 7. (a) Excess water supplied to the cathode for the hydrated, dehydrated and balanced cases. (b) The CL saturation for the three cases as a function of cur
rent density.
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equilibrated boundary layer near the anode, the thickness of which 
decreases with increasing current density (Fig. 5b). A sharp decrease in 
water content is observed at the transition from the liquid- to vapor- 
equilibrated state. This transition has a distinct shape, governed by 
the membrane's liquid equilibration curve, which accounts for 
Schröder's paradox. Once the membrane is fully vapor-equilibrated, the 
water content is determined by an activity-dependent sorption isotherm. 
Water content profiles for Nafion membranes have been experimentally 
investigated. While no abrupt drop in λ was reported, the presence of a 
liquid-equilibrated boundary layer was observed [37].

The transport parameters have a significant impact on the water 
balance, as evidenced by the contrasting trends in water flux at the 
anode/membrane boundary for the different cases (Fig. 6a). In the hy
drated case, water flows into the membrane from the anode, while in the 
dehydrated case, the water flux is negative, indicating flow from the 
membrane into the anode. Notably, all cases exhibit an initial negative 
water flux at current densities below 100 mA cm− 2 due to net water 
production, as discussed earlier. As the current density increases and the 
overall reaction stoichiometry shifts toward net water consumption, the 
direction of water flux reverses, and water flows into the membrane 
from the anode. However, in the dehydrated case, the CL dries out due to 
the lower water transport coefficient. The water activity in the CL ion
omer decreases rapidly (Fig. 6b), driven by the combination of the low 
water transport coefficient and a high electro-osmotic drag coefficient, 
which pulls water from the gas phase into the membrane. This reduces 
the relative humidity in the CL. The combined effect outweighs the 
opposing water flux driven by the temperature gradient. This behavior is 
consistent with the results reported by Lees et al. [9], who reported 
similar drying effects in the CL for the gaseous H2O transport under 
comparable transport parameter magnitudes. However, due to the 
reduced CO2 concentration and higher Faradaic efficiency for H2, their 
model exhibits a higher net water consumption. The additional water 
required is drawn from the membrane. In contrast, in the present model, 
water is produced and subsequently transported from the membrane to 
the anode. For the intermediate case between the hydrated and dehy
drated cases (0.01α, ξ), the reduced water activity almost exactly 
counters the temperature gradient, resulting in no net water exchange 
between the gas phase and the ionomer (Fig. 7a). The water flux into the 
membrane from the anode matches the amount required by the elec
trochemical reaction at all current densities, highlighting a potential 
opportunity for balanced water management. Additionally, the satura
tion of the CL pores is strongly influenced by the transport parameters, 
as shown in Fig. 7b.

Our analysis reveals two distinct regimes based on membrane hy
dration (Figs. 6a and 7a). In the well-hydrated case, the water flux is 
driven by the temperature gradient across the catalyst layer and 

diffusion medium, resulting in water being pulled through the mem
brane, as discussed in the previous section. In contrast, in the dehy
drated membrane the direction of the water flux is reversed. Water 
vapor is adsorbed into the membrane driven by a combination of higher 
electro-osmotic drag (EOD) and a lower water transport coefficient.

Hence for the dehydrated case, at low current densities net water 
consumption governs the water flux, the same as for the hydrated case. 
However, at higher current densities, the water flux is dominated by 
evaporation or adsorption into the membrane due to electro-osmotic 
drag.

3.4. Influence of membrane thickness

The membrane thickness has been reported to significantly influence 
cell performance, water balance, and cation accumulation at the cathode 
[29,38]. Here we investigate membrane thicknesses ranging from 20 to 
80 μm. As expected, the average membrane water content increases with 
decreasing membrane thickness for both the hydrated and dehydrated 
cases (Fig. 8a). Additionally, the water saturation of the CL increases for 
thinner membranes, due to the higher water pressure in the CL, although 
experimental studies have attributed the improved performance in thin 
membranes to reduced flooding, based on measurements of H2O flux 
into the gas channel [29].

The water balance analysis (Fig. 9a) shows that using a 80 μm thick 
membrane increases the water flux from the anode into the membrane 
compared to a 50 μm membrane (Fig. 6a). This flux rises with current 
density, due to the increased water evaporation. A thicker membrane 
results in a larger temperature increase in the catalyst layer, due to its 
larger heat transfer resistance (Fig. S8).

In contrast, the 20 μm thick membrane exhibits a water flux at the 
anode directed toward the anolyte compartment. The flux into the gas 
channel is lower than for the thicker membrane, due to faster heat 
dissipation through the thinner membrane. The convective and diffusive 
fluxes of water vapor balance out. The finding that thinner membranes 
reduce the observed water flux at the cathode gas channel aligns well 
with experimental results reported by Reyes et al. [29]. As shown in 
Fig. 9a, there is net water production in the cell at all current densities. 
Initially, net water production occurs due to the high concentration of 
HCO3

− in the CL, which reacts with OH− generated by electrochemical 
reactions (following Eq. (35)). As the HCO3

− in the CL becomes depleted, 
the water production decreases, as the overall reaction stoichiometry 
shifts to Eq. (80). When the OH− concentration continues to rise in the 
CL, it diffuses further into the membrane, where it reacts with HCO3

−

present on the anode side. This explains why thinner membranes exhibit 
changes in the net water consumption flux in Fig. 9a, whereas thicker 
membranes display a plateau. In thinner membranes, OH− and HCO3

−

Fig. 8. (a) Average water content in the membrane for the hydrated (blue lines) and dehydrated (grey lines) cases as a function of current density for different 
membrane thicknesses. (b) Average water saturation in the catalyst layer as a function of current density for different membrane thickness (only for hydrated case).
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are in closer proximity, allowing them to react more readily within the 
membrane and produce water. As a result, the water balance in thinner 
membranes is governed by homogeneous reactions. In contrast, in 
thicker membranes, heat transport becomes the dominant factor influ
encing water flux.

In thin membranes, the water source term from homogeneous re
actions contributes significantly, shifting the flux from negative at the 
anode side to positive at the cathode side (Fig. 9b). The results of catalyst 
layer saturation in Fig. 8b and water flux across the cell in Fig. 9a 
indicate that a lower water flux to the cathode gas channel (comparing 
fluxes at 380 μm) can coexist with higher CL saturation. This suggests 
that flooding observed in thicker membranes is more likely caused by 
salt formation, as proposed by Biemolt et al. [38]. However, definitive 
conclusions are limited by several uncertainties, including the potential 
role of electro-wetting effects in the CL and DM at higher cell potentials 
[13]. As such, no solid conclusions can be drawn regarding the direct 
influence of membrane thickness on flooding behavior.

3.5. A case with limited CO2 in the cathode

Finding the prominent role of hydroxide ion in water balance, we 
examined whether deviations from a predominantly carbonate charge 
carrier in the membrane, arising from increased hydroxide concentra
tions under CO2-limited cathode conditions affect the overall water 
balance. We simulated a CO2-limited condition. While such conditions 
may vary between cells and depend on local concentrations and oper
ating current, our objective is to illustrate how an increased hydroxide 
fraction in the membrane influences the water balance. As shown in 
Fig. S10, the membrane water flux changes significantly with increasing 
hydroxide fraction. Consequently, net water production is observed at 
high current densities, analogous to the low-current regime, following 
Eq. (79). Disch et al. [30] reported a decrease in normalized transmitted 
neutron intensity, defined as the relative change in neutron transmission 
with respect to the zero-current condition, which they attributed to salt 
formation based on the assumption of substantial water consumption at 
current densities between 200 and 300 mA cm− 2. In contrast, our results 
indicate that water can be produced within the cell via homogeneous 
reactions, particularly when hydroxide ions become more prevalent in 
the membrane.

4. Conclusion

The mechanisms governing water transport and balances in MEAs for 
CO2RR are still not well understood. In this study, we developed a sta
tionary one-dimensional, non-isothermal multiphysics model of a 
KHCO3-exchange MEA CO2 electrolyzer with a Tokuyama A201 anion 

exchange membrane to investigate the ion distribution and water 
transport under industrially relevant current densities. The model per
formance was validated with experimental data and reproduces cell 
performance up to 600 mA cm− 2.

The simulations highlight the important role of homogeneous re
actions for the water balance in a MEA cell. For low current densities, 
homogeneous reactions produce more water than is consumed by the 
electrochemical reactions near the CL domain. In this regime, the re
action HCO−3 +OH− ⇌CO2−

3 +H2O prevails due to the high fraction of 
bicarbonate present in the ionomer. For higher current densities, water 
production depends on the ionic composition of the membrane. If car
bonate is the dominant charge carrier, the net consumption is less than 
5% of the stoichiometric amount required. If the hydroxide ion increases 
in the membrane, for example under CO2-limited cathode conditions, 
net water consumption in the cell decreases.

For a hydrated 50 μm AEM (α, ξ), at low current densities (i < 130 
mA cm− 2), homogeneous buffer reactions dominate the water balance 
within the cell, resulting in net water production near the catalyst layer. 
At higher current densities (i > 130 mA cm− 2), the flux is governed by 
the temperature gradient over the cathode GDE. However, this changes 
for a dehydrated membrane with lower transport parameters and high 
EOD (0.01α,4 ξ), for which at high current densities the water flux is 
dominated by evaporation or adsorption into the membrane at CL. The 
water vapor diffuses from the channel to the catalyst layer, is subse
quently absorbed into the membrane, and is transported to the anolyte 
by electro-osmosis. However, at higher current densities, if the hy
droxide fraction in the membrane increases, hydroxide ions transport 
through the membrane and react with depleted bicarbonate near the 
anode, causing homogeneous reactions to govern the water balance over 
nearly the entire current density range.

Thin well-hydrated membranes (20 μm) were found to have a net 
production of water at all current densities within the membrane and 
ionomer domains, due to the shorter diffusion paths of HCO3

− and OH− . 
Water is transported from the membrane to the anode, and the flux in
creases with current density. Faster heat transport reduces the temper
ature in the CL, and no significant flux of water or water vapor is seen in 
the DM. Similar to the 50 μm membrane, for thick (80 μm) well-hydrated 
membranes, the temperature gradient dominates the water balance. 
However, the flux increases compared to the 50 μm membrane as thicker 
membranes result in larger temperature increases in the CL due to the 
larger heat transfer resistance.

In summary, our modeling work demonstrated homogeneous re
actions govern the net reaction stoichiometry in the cell and are there
fore necessary to consider for the water balance. For a membrane with 
carbonate as the dominant charge carrier the role of membrane trans
port parameters in determining MEA performance and water balance is 

Fig. 9. (a) Water fluxes for membrane thicknesses of 80 μm and 20 μm. (b) Water flux profile throughout the membrane for different thicknesses at 3.05 V.
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critical. The relative contribution of different mechanisms was shown to 
be dependent on membrane properties including transport parameters, 
electro-osmotic drag coefficients, and thickness. At current densities 
>130 mA cm− 2, the mechanism dominating the water flux changes from 
heat transfer in a well-hydrated membrane to electro-osmotic transport 
in a dehydrated membrane or to the homogeneous reactions in thin 
membranes. For lower current densities <130 mA cm− 2, the water 
production through the homogeneous reaction dominates the water 
flux. This work provides guidelines for water management in CO2 
electrolyzers by offering insight into the dominant physical processes 
governing water transport, with a focus on AEMs.

A two-dimensional model would provide a more accurate description 
of coupled thermal and mass transport effects, as the conservative heat 
flux boundary condition used here does not capture temperature vari
ations along the flow channel that can significantly amplify vapor- 
driven water fluxes. Additionally, the contribution of homogeneous re
actions, particularly those involving OH− ions, is expected to become 
more significant at higher electrolyte concentrations due to increased 
water production, warranting further dedicated investigation.
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