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Summary

Climate change due to the extensive use of fossil fuels has led to the deployment of
alternative green ones, such as hydrogen. Green hydrogen is produced by renewable
electricity and is CO2-free. This thesis focuses on the production of hydrogen by
implementing alkaline water electrolysis as the core technology.

Due to the intermittency of renewable sources, alkaline water electrolysers are
forced to operate in their part-load range. The cathodic hydrogen species that re-
mains dissolved in the liquid electrolyte can end up to the anodic compartment, and
hence lower the purity of the produced gaseous oxygen. This phenomenon is promi-
nent in the part-load range and is called gas crossover. When the concentration of
hydrogen in oxygen reaches the Lower Explosive Limit which is 4 vol%, spontaneous
combustion can occur. Therefore, the electrolyser is forced to shut down for safety
reasons.

This thesis focuses on understanding themass transfermechanisms of gas crossover
in alkaline water electrolysis, in the part-load range. A literature study has been con-
ducted in which the gas crossover mechanisms are thoroughly analyzed. The mitiga-
tion of gas crossover can lead the operation to lower current density ranges. From
the mitigation strategies, a focus is given on the “dynamic switching of the electrolyte
cycles”. The dynamic switching of the electrolyte cycles is based on the periodic
changeover of the operative electrolyte cycles between the partly-separated and the
mixed mode. The anodic hydrogen content acquires a sinusoidal response, where
the average value is less than the impurity in traditional operation.

The gas crossover steady-state and dynamic models are mathematically derived
and developed in Python. The models consider the mechanisms of gas crossover
through the diaphragm and the electrolyte mixing. Therefore, the anodic hydrogen
and cathodic oxygen content are calculated in the steady state and dynamically. The
dynamic switching of electrolyte cycles can be simulated with the dynamic model.

The experiments are conducted to define the anodic hydrogen and cathodic oxy-
gen content in a single cell configuration. The first experiment outputs the steady-state
impurity as a function of the current density. The steady-state impurities show a de-
scending tendency with an increasing current density. Next, the dynamic switching
is performed and the anodic hydrogen content is recorded as a function of time. The
average impurity in the dynamic switching is smaller than the result in the steady-state
experiment.

The steady-state model sufficiently validates the literature data and verifies the
experimental results. The dynamic switching model validates the literature data. Fur-
thermore, it verifies the experimental results, when a correction factor is applied to the
total volume of the separator tanks. The correction factor is required because the ex-
perimental impurities were measured at the exit of the single cell, resulting in a faster
system response. Finally, a sensitivity analysis is conducted to test the robustness
of the dynamic model. The sensitivity analysis shows that the dynamic model can
successfully simulate the operation of an alkaline water electrolyser.
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1
Introduction

In this chapter, the motivation of the thesis is given. More specifically, the social-
economic background necessitating the swift towards green hydrogen production is
presented. The motivation is focused on Dutch society, but also provides some poli-
cies decided by the European Commission. Finally, the research questions are pro-
vided.

1.1. Motivation
Global warming is one of the greatest challenges of the 21st century [1]. It can be
attributed to greenhouse gas (GHG) emissions that trap the heat in the atmosphere
and cause the temperature to rise [2]. Some of the most well-known GHG are car-
bon dioxide (CO2), methane (CH4), nitrous oxide (N2O), and fluorinated gases [2].
The emissions of GHG are due to the natural systems (e.g., forest fires, volcanoes,
oceans) as well as the anthropogenic activity [3]. The anthropogenic activity consists
of all the human activities which result in CO2 emissions mainly from the combustion
of fossil fuels and cement production. According to [3], the biggest contributor to GHG
is anthropogenic activity accounting for 47.9-66.6% of the total global emissions. In
addition, over the last century, the vast industrialization of modern societies resulted
in a gradual increase of the global CO2 emissions through the usage of fossil fuels [4].
Therefore, for a reduction in GHG emissions to occur, a transition from fossil fuels to
sustainable ones is required.

Over the last years, a lot of transnational policies have been developed on decar-
bonizing energy-intense human activities. Among others, the most important include
the Paris Agreement [5], and the European Green Deal [6]. Briefly, the Paris Agree-
ment aims at limiting the temperature increase threshold to 1.5°C above pre-industrial
levels. The European Green Deal is aligned with the Paris Agreement and aims for
a “prosperous, modern, competitive and climate-neutral economy by 2050” by reduc-
ing carbon emissions by 49 - 55% in 2030 and by 80 - 95%, below 1990 levels. The
Dutch government has committed to adopting the European Green Deal and meeting
its goals [7].
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2 1. Introduction

1.1.1. Decarbonization initiatives in the Netherlands
Ambitious and innovative political decisions are required for such targets to be met.
For the Dutch Government, the goals of the Paris Agreement are envisioned in the
National Climate Agreement (Klimaat-en Energieverkenning, KEV) [8]. This report de-
picts the focus of the Dutch Government to decarbonize a series of anthropogenic ac-
tivities. More specifically, the Government focuses on the decarbonization of the Built
Environment, the Mobility Sector, the Industry Sector, the Agricultural Sector, and the
Electricity Sector. Through the implementation of a large variety of technological so-
lutions, it is expected to reach the goals referred to previously. Such solutions include
sustainable heating sources (e.g., biomass, power to heat, and sustainable gases),
the increase of the heavy fuel cell vehicles, and sustainable energy carriers along with
the required infrastructure (e.g., refueling stations). In addition, it is expected that the
transition to zero emissions in the Industry Sector will be accompanied by the appli-
cation of Carbon Capture and Storage (CCS), and the extensive usage of hydrogen.
In the Electricity Sector, besides the continuous installation of wind turbines in the
North Sea, is also expected the conversion and storage of electricity into sustainable
energy carriers including biogas and hydrogen. Consequently, from all the consider-
ations above, it becomes clear that hydrogen will play a crucial role as a carbon-free
energy carrier and feedstock for the Process Industry and the Mobility Sector during
the next decades.

1.1.2. Hydrogen, the key element to the energy transition
The term hydrogen has its roots in the Greek language where ‘hydro’ means water,
and ‘-gen’ means formation. The hydrogen molecule acquired its name due to the wa-
ter formation upon its combustion. For that reason, the scientific community and the
policymakers emphasize its adaptation as an energy carrier and feedstock towards
net zero, not only in the Netherlands but in the whole European Union and globally
[9–11]. However, hydrogen production may result in CO2 emissions depending on
the production technology used. Therefore, hydrogen can be categorized in different
color shades depending on the production method [11].

Grey Hydrogen: It is produced via Steam Methane Reforming (SMR) or gasification
when the feedstock is methane or coal. These methods emit a significant amount of
CO2 into the atmosphere via the previously mentioned fossil fuels. However, at the
moment, they are the most cost-effective processes. Steam methane reforming is an
endothermic reaction that produces H2 and CO (Reaction 1.1). Subsequently, in the
water-shift reaction, carbon monoxide and steam react and produce hydrogen and
CO2 (Reaction 1.2).

CH4 +H2O (+heat) ⟶CO+ 3H2 (1.1)
CO+H2O⟶CO2 +H2 (+heat) (1.2)

Blue Hydrogen: It is produced in the same way as grey hydrogen. However, CCS
is additionally applied to reduce the CO2 emissions. Experts claim [11], that the pro-
duction method of blue hydrogen will be the transition technology towards net-zero
because the pre-existing industrial facilities could retrofit CCS units to reduce the
emissions. However, there will be 5-15% of CO2 that will still be emitted into the
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atmosphere making blue hydrogen unsuitable in the long term.

Turquoise Hydrogen: This production method uses Methane as feedstock, and by
applying the pyrolysis process hydrogen is produced in the gaseous phase, and the
carbon becomes solid carbon black. The storage of carbon black is much easier than
gaseous CO2 and at the same time there is a market that it can be sold. However,
the production method of turquoise hydrogen is still at the experimental stage. The
production of turquoise hydrogen is given by reaction 1.3.

CH4 (+heat) ⟶ C(s) + 2H2 (1.3)

Green Hydrogen: It contains the term green because renewable electricity is used to
produce hydrogen via the application of the water-splitting reaction in the electrolysis
process (reaction 1.4). Green hydrogen meets all the suitability criteria for the real-
ization of the energy transition, as its production does not give rise to CO2 emissions,
if the carbon intensity of the used electricity is zero.

H2O⟶ H2 + 0.5O2 (1.4)

This discussion leads to the conclusion that green hydrogen will be the key element for
the energy transition. The market analysts claim that the global energy share of green
hydrogen will reach 24% in 2050, and the European Union plans to reach 40 GW of
electrolysers by 2030 by producing cost-effectively 10 million tons of green hydrogen
[10]. The Netherlands plans to have a prominent role in the European Union as a key
player in the green hydrogen production by taking advantage of the significant wind
potential in the North Sea, which will be the first Hydrogen Valley in Europe [9]. More-
over, there are many projects between the Dutch industry and scientific institutions
focusing on the scale-up of hydrogen applications. However, several requirements
need to be addressed for the extensive application of Green Hydrogen to take place.

First, for green hydrogen to be more widely produced, low variable renewable en-
ergy (VRE) electricity costs are required. The electricity price is a crucial factor for
the production cost of green hydrogen. In addition, there must be investment deci-
sions in the lab-developed electrolysis technologies which could scale up. This fact
could enable the reduction in the electrolysis capital expenditures (CAPEX), which
have been reduced by 60% since 2010 [11]. Moreover, the rise of VRE sources over
the last decades has enabled the requirement for a more flexible power grid. Due to
the intermittency of renewable sources, there are fluctuations in the power system.
Therefore, the electrolysers need to be able to immediately adjust to the grid-induced
fluctuations by increasing or reducing their production. In such a way, the produced
green hydrogen can be stored for long periods and can be used as an energy carrier
when there is a lack of VRE sources.

Moreover, even if the requirements described above will be fulfilled, there are ma-
jor bottlenecks. The most important one is the high production cost of green hydrogen.
For example, even though the electricity price from onshore wind descended from 75
USD/MWh in 2010 to 48 in 2018, the production of green hydrogen from VRE sources
is 2.5-5.5 €/kg while for grey hydrogen it is 1.5 €/kg depending on the natural gas price
[10]. In addition, there is a lack of hydrogen infrastructure. Currently, the total length
of dedicated hydrogen pipelines does not exceed 5000 km, while for natural gas this
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length exceeds 3 million km [11]. The last major bottleneck is the energy loss in hydro-
gen production through the electrolysis process and in every subsequent conversion
of hydrogen in the value chain. Currently, there are 30-35% energy losses in the elec-
trolysis of water for hydrogen production [11]. If hydrogen is further converted into
other energy carriers, such as ammonia, there will be 13-25% more losses.

1.2. XINTC B.V.
The literature review and the main thesis project are conducted in collaboration with
XINTC B.V., a Dutch start-up company. XINTC produces, and markets Alkaline Water
Electrolysers as an Original Equipment Manufacturer (OEM). Therefore, the thesis will
be focused on alkaline water electrolysis. The company offers standardized compo-
nents instead of customized engineered solutions. The capacity of the electrolysers
falls in the spectrum of 150 kW to 50 MW making them suitable for middle-range hy-
drogen applications. Middle-range hydrogen applications are defined as those which
are focused on the built environment, mobility sector, and electricity sector. The elec-
trolyser is comprised of gas modules which are interconnected and controlled with
electronics.

Electrolysers are delivered together with the balance of plant in the form of con-
tainerized solution, delivering hydrogen from 1 to 30 bar. Moreover, they are manu-
factured with low-cost materials which are abundant in nature to reduce their CAPEX
and Operative Expenditures (OPEX). Finally, they have been designed to operate in
optimum conditions to maximize their efficiency. As a result, the production cost of
hydrogen will be lowered. Finally, due to the lower CAPEX and OPEX, the total cost
of ownership (TOC) will be lower.

1.3. Research Questions
The intermittency of renewables results in fluctuations in the power grid. In such con-
ditions, the electrolysers must be able to operate in the part-load range to produce
green hydrogen. Normally, the part-load range varies from 20-40% of their nominal
load [12]. During the water electrolysis process in the part-load range, produced hy-
drogen species can be contaminated by oxygen, or the opposite, resulting in the cre-
ation of an explosive atmosphere. This contamination is often called gas crossover
and is more significant under the part load operational range. When the alkaline water
electrolysers operate close to their nominal load range, the gas crossover becomes
significantly smaller [12].

The explosive atmosphere is created because the hydrogen-oxygen mixture can
lead to spontaneous combustion if the concentration of the contaminating species
reaches 4 vol%, which is the Lower Explosive Limit (LEL) [13]. Therefore, when the
electrolysers operate in the part-load range, such fluctuations can introduce risks for
their safe operation and are forced to shut down. Typically, they shut down when the
concentration of impurity reaches 2 vol%, which is 50% of the LEL [14]. In addition,
due to the contamination of hydrogen, the resulting gas purity will be reduced as will
the overall efficiency of the process. Furthermore, the deactivation of the electrolyser
results in financial losses due to the lack of production. Therefore, the scope of this
thesis is depicted on the following research questions:
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1. Which are the factors that affect the gas purity of the produced gases in alkaline
water electrolysis?

2. How can the performance of alkaline water electrolysers, in terms of gas purity,
be improved?

3. How can the gas purity of alkaline water electrolysers be modeled?

4. How can the operating conditions of the process affect the response of the gas
purity?

5. How can the design characteristics of the system affect the response of gas
purity?

1.4. Thesis outline
To tackle the research questions an extended literature study is conducted. During the
literature study, the mechanisms that result in the gas nucleation, growth and detach-
ment are studied. Furthermore, due to the mass transfer limitations, the crossover
mechanisms that lead to the purity decline of the product are considered. As a result,
a steady-state and dynamic model are developed in Python. These models consider
all the aforementioned phenomena. The models are validated with experimental data
from the literature, and are compared to experimental data of XINTC. Moreover, in
the literature study, in order to reduce the impurity of the produced gases, an alter-
native operating concept is suggested. This alternative concept is called the dynamic
switching of electrolyte cycles. The dynamic switching of electrolyte cycles is tested
experimentally and validated by the developed dynamic model. Overall, the proposed
thesis outline is the following:

• In Chapter 2, a literature study is presented. During the literature study, a brief
introduction to the state-of-the-art electrolysis technologies occurs. Next, the
mass transfer mechanisms in gas evolving electrodes are analyzed. The mass
transfer limitations are the primary sources of gas crossover which are thor-
oughly analysed for the alkaline water electrolysis. Finally, alternative operating
concepts are proposed.

• In Chapter 3, the gas crossover model is presented. The model assumptions
and the simplified process flow diagram are introduced. The general form of
the steady-state and dynamic mass balances is shown. The unknown terms in
the mass balances are mathematically expressed by implementing the bound-
ary conditions, empirical correlations, and known fluid dynamics relations. As a
result, the final form of the steady-state and dynamic material balances is pro-
posed.

• In Chapter 4, the gas crossover experiments are presented. The experimental
setup of XINTC is introduced. Next, the experimental results for the steady-
state case are shown. Finally, the results of the dynamic switching experiment
are analyzed.
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• In Chapter 5, the developed models are validated with experimental results from
the literature. The steady-state and dynamic models are compared with the
experimental results from Chapter 4. Finally, a sensitivity analysis is conducted
in order to test the robustness of the dynamic model.

• In Chapter 6, the closing discussion of the thesis is presented. The conclusions
of the thesis are shown. Finally, future recommendations for the developed
model are proposed.



2
Literature Study

In this chapter, the literature study is conducted. To approach the research questions,
firstly a description of the commercial electrolysis technologies is given. Then, the
mass transfer mechanisms which result in the production of the gaseous product and
dissolved species in gas evolving electrodes are analyzed. Furthermore, due to the
mass transfer limitations, the gas crossover mechanisms in alkaline water electrolysis
are described. Finally, the strategies to reduce the gas crossover, as well as the
modeling research in alkaline water electrolysis are presented.

2.1. Electrolysis technologies
In this section, a short description of the components and the working principles of
the current commercially available water electrolysis technologies for hydrogen pro-
duction will be given. Firstly, the Alkaline Water Electrolysis (AWE), which is the most
mature and robust technology, will be described. Then, the Proton Exchange Mem-
brane Electrolysis (PEM), the Anion Exchange Membrane (AEM) water electrolysis,
and the Solid Oxide Electrolysis (SOEC) will be described. Finally, the current re-
search trends on state-of-the-art electrolysis technologies will be presented.

2.1.1. Alkaline water electrolysis
The AlkalineWater Electrolysis (AWE) is the most mature and robust electrolysis tech-
nology. The first AWE was demonstrated by Van Troostwijk and Deinman in 1789
[15]. The electrolysis cell consists of two porous electrodes, namely the anode and
the cathode. The porous plates are made of non-noble metals which are abundant
in nature, such as nickel, iron, or cobalt, and they can be flat, perforated, or con-
sist of wired mesh. The anode and cathode are immersed in a strong liquid alkaline
electrolyte which is either potassium hydroxide KOH, or sodium hydroxide NaOH and
provides the required ionic conductivity between the electrodes. The KOH concentra-
tion ranges from 20 wt% to 40 wt% in a temperature range of 60 – 90 °C [12].

The anode and the cathode are separated by a porous solid diaphragm. The role
of the diaphragm is to avoid the gas crossover of the evolved gases and to allow the
required conduction of hydroxide ions from the cathode to the anode. The selection of
the diaphragm constitutes one of the most important design criteria since its thickness,

7
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Porous diaphragm

𝐎𝐇−

𝑒−

KOH KOH

KOH/H2 KOH/O2

Cathode Anode

Figure 2.1: Schematic of a zero-gap alkaline water electrolyser. Liquid electrolyte containing KOH,
enters the system. The application of DC power results in gaseous H2 and OH− ions at the cathode,
and gaseous O2 and H2O at the anode. OH− ions are conducted through the diaphragm. The mixture
exits the half-cells with the liquid electrolyte. Orange: Cathodic electrode. Blue: Anodic electrode.

ionic conductivity, and gas permeation influence the ohmic drop and the permeation
of the dissolved gases, and thus the overall efficiency of the electrolyser [16]. One
example of a commercial type of diaphragm for alkaline water electrolysis is the “Zir-
fon PERL UTP 500” which is manufactured by Agfa and consists of Zirconium oxide
(zirconia) and polyphenylene sulfide fabric, with 500 μm thickness [17].

The latest trend in the design of AlkalineWater Electrolysers is the zero-gap config-
uration (Figure 2.1). In zero-gap designs, the porous electrodes are pressed directly
onto the diaphragm, thus reducing the interelectrode gap from 2 mm in traditional
electrolysers to less than 0.5 mm [18]. The reduction of the interelectrode gap results
in lower ohmic resistance of the electrolyte between the electrodes, and consequently
in higher overall efficiency.

The water decomposition during alkaline electrolysis is based on the following half-
reactions, and their standard potential in comparison with standard hydrogen elec-
trode (SHE) at T=298.15 K [19] :

Cathode ∶ 2H2O + 2𝑒− ⟶ 2OH− +H2, 𝐸o = −0.83𝑉 (2.1)
Anode ∶ 2OH− ⟶ 0.5O2 + H2O + 2𝑒−, 𝐸o = 0.4𝑉 (2.2)
Overall Reaction ∶ H2O ⟶ H2 + 0.5O2, 𝐸o = −1.23𝑉 (2.3)

When DC potential is applied in the configuration that is shown in Figure 2.1, H2O
molecules are reduced at the cathode and H2 with OH− ions are produced. This re-
action (2.1) is often called the hydrogen evolution reaction (HER). At the same time,
hydroxide ions are conducted via the diaphragm on the anode side, where they are
subject to the oxidation reaction, and they lose electrons (2.2). As a result, oxygen
and water molecules are produced. This reaction is often called the oxygen evolution
reaction (OER). From the reactions (2.1) – (2.3), it can be observed that the electrol-
yser requires a minimum potential difference of 1.23 V. This is the minimum potential
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required for water decomposition and is often called the reversible potential. In realis-
tic applications, electrolysis of water will always require a higher potential for hydrogen
production to be applied due to the existence of overpotentials (i.e., diaphragm resis-
tance, bubble resistance).

One major advantage of alkaline water electrolysers is the fact that they consist
of cheap and abundant materials in nature. As a result, there is an ease in scaling
up this technology and a lot of ongoing research takes place. On the other hand,
the existence of porous diaphragms does not allow the differential pressure operation
between the half cells, because there will be gas crossover through the diaphragm
via convective mass transfer [20]. In addition, during part-load operation, the alkaline
electrolysers are subject to gas crossover which will be analyzed later. Usually, al-
kaline water electrolysers do not operate above 90°C because the diaphragm can be
degraded and pose threats to the safe operation of the system. Finally, the operation
of the alkaline electrolysers is limited to a low current density range 2-4 kA ⋅m−2 [21].

2.1.2. Proton exchange membrane water electrolysis
To solve the disadvantages of AWE, the concept of proton exchangemembrane (PEM)
Water Electrolysers was firstly introduced in the 1960s by General Electric [21]. The
idea behind PEM Electrolysis is that the electrolyte is not liquid but consists of a solid
polymer electrolyte membrane. The PEMwater electrolysers operate in a temperature
range of 50 - 80°C and a higher current density range 6-20 kA ⋅m−2, thus allowing
higher hydrogen production, and more compact electrolysers than the AWE. The most
usual type of membrane for PEM water electrolysis is the Nafion membrane manu-
factured by DuPont which has a much lower thickness ( 20-300 μm) than the Zirfon
diaphragm. As a result, due to their small membrane thickness, the PEM electrolysers
can have better conductivity, and lower gas crossover due to smaller pore diameter,
thus allowing the differential pressure operation between the half cells. However, the
fact that the working environment of PEM electrolysers is highly acidic requires the
implementation of noble, rare, and expensive catalysts for the electrodes. Usually,
the electrodes are manufactured from Ruthenium, Platinum, or Iridium. For example,
Iridium is one of the rarest elements on Earth and it has been reported to have an
average mass fraction of 0.001 ppm in crustal rock [21]. As a result, the scalability of
the PEM electrolysers is questioned, since an increase in the demand for these met-
als could skyrocket the cost of PEM electrolysers, and consequently the hydrogen
production cost.

The water decomposition during PEMwater electrolysis (Figure 2.2) occurs via the
following half-cell reactions:

Cathode ∶ 2H+ + 2𝑒− ⟶ 2H2 (2.4)
Anode ∶ H2O ⟶ 2H+ + 0.5O2 + 2𝑒− (2.5)

When DC voltage is supplied and electrolysis starts, hydrogen protons cross the
membrane, where they are reduced into hydrogen molecules (2.4). At the anode,
the supply of deionized water leads to the occurrence of the oxidation reaction (2.5).
As a result, oxygen with water leave the anodic half-cell, and hydrogen protons are
produced.
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Figure 2.2: Schematic of a PEM water electrolyser. Deionized H2O is supplied to the anode. During
the electrolysis the H+ protons are conducted to the cathode where they are reduced into H2
molecules. At the anode, water is oxidized into H+ protons and O2 molecules. PEM water

electrolysers can operate in a high current density range, and liquid electrolyte is not required.

2.1.3. Anion exchange membrane water electrolysis
The Anion Exchange Membrane (AEM) water electrolysis is an alternative technology
to produce hydrogen, by combining the advantages of both the PEM water electroly-
sis and the AWE [22]. More specifically, the development of AEM water electrolysis
focuses on the deployment of non-noble electrocatalysts due to the alkaline nature of
the process, and the operation with high differential pressures between the half-cells.
Furthermore, the operation focuses on low concentration liquid electrolyte which con-
sists of KOH, NaOH, K2CO3 or DI water. Schematically, an AEM water electrolyser
is shown in Figure 2.3. The AEM water electrolyser consists of the membrane elec-
trode assembly (MEA). The MEA is the core of this technology and includes the anion
exchange membrane, and the electrocatalysts which are sprayed on the surface of
the membrane. The layer which is sparayed on the anodic side is called anode cata-
lyst layer (ACL), and the layer which is sprayed on the cathodic side is called cathode
catalyst layer (CCL).

The anion exchange membrane consists of anion exchange functional groups
which are embedded on a polymer backbone. The polymer backbone is fabricated
from polysulfone (PSF) or polysterene cross linked with divinylbenzene (DVB), and
the ion exchange groups are −NH+3 , −RN+2 , = R2N+, −R3P+, −R2S+ or quaternary
ammonium salts [22]. The function of the AEM is to hinder the cross permeation of the
gaseous produced species, and the provision of ionic conductivity for the hydroxide
ions. The AEM must also have satisfactory mechanical, thermal, and chemical sta-
bility. One commercial AEM is the A-201 membrane which is produced by Tokuyama
Corporation [23]. Furthermore, PSF ionomers are used in AEM to provide access for
transport between the catalyst layers, where the reactions take place, and the mem-
brane.
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Regarding the electrocatalysts, there is a lot of research to avoid Ir and Pt based
electrocatlysts [22]. Currently the research is focused on deploying Ni-Fe and Ni-Mo
electrocatalysts. The Ni-Fe alloy is suitable for the OER, and the Ni-Mo alloy is suit-
able for HER. A commercial solution for non-noble electrocatalysts is the Acta 4030
(Ni/CeO2 − La2O3/C) for HER , and the Acta 3030 (CuCoOx) for OER, manufac-
tured by Acta SpA.

𝐎𝐇−

𝑒−

H2O

H2O /H2 H2O /O2

Cathode Anode
𝐇𝟐𝐎

CCL ACL
Membrane

MEA

Figure 2.3: Schematic of an AEM water electrolyser. Water with a low KOH concentration is supplied
to the anodic compartment. The H2O molecules are transferred to the cathode where they are

reduced to H2 molecules and OH− ions. The OH− ions are conducted to the anode where they are
oxidized to O2 and H2O. At the exit of the cathode, the produced H2 species remains ”wet”. The H2O

and O2 mixture exits the anode for further processing.

The half-cell reactions and the overall reaction which take place during AEM water
electrolysis obey the reactions (2.1) – (2.3). During the operation of an AEM water
electrolyser, water with 1M KOH is recirculated in the anodic half-cell. The anodic side
of the membrane remains soaked with water, while the cathodic side of the membrane
remains dry. The water molecules are transferred through the membrane and are
reduced to produce hydrogen in the cathodic side, according to reaction (2.1). At the
same time, hydroxide ions are transferred to the anodic side, due to the attractive
forces. In the ACL, the hydroxide ions are recombined to produce water and oxygen.
The hydrogen produced in the cathodic side contains moisture due to water and needs
to be further processed after the reaction. AEM water electrolysers operate between
50-70∘C. The discharge pressure of hydrogen can be up to 30 bar and the current
density range is 2 − 5 kA m−2 [22].

Nonetheless, the AEM water electrolysis is mainly in R&D phase. The first at-
tempt to commercialize an AEM water electrolyser was made viable by Enapter in
2018 [24]. In general, the main obstacle in the AEM water electrolysis is the chemical
and mechanical stability of the membranes. In Ref. [22] it is reported that a possible
reason for the instability of the AEM involves the degradation of the polymer backbone
or the ion exchange functional groups. Furthermore, the AEM has lower conductivity
than the PEM. As a result potassium hydroxide is required for better ionic conductivity.
The usage of DI water results in higher resistances than in the PEM water electrolysis.
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Finally, the development of AEM electrolysers that implement non-noble electrocata-
lysts, show slow progress.

2.1.4. Solid oxide electrolysis cells
The implementation of Solid oxide electrolysis cells (SOECs) could be advantageous
when coupled to industrial processes with large amounts of waste heat. Typically,
the commercial SOECs operate at 800-1000°C and the reason is that the thermo-
dynamics, the kinetics, and the ion conduction are most favorable for the HER in this
range of temperatures [25]. More specifically, the total energy demand (ΔΗ) for hydro-
gen production significantly reduces at 100°C, and then, it remains almost constant.
Furthermore, for hydrogen production at 800-1000°C, the supplied heat energy con-
tinuously increases (𝑇Δ𝑆) and hence, the electric energy demand (Δ𝐺) lowers. As a
result, the implementation of SOECs could lead to lower hydrogen production costs
when there is sufficient waste heat available. Normally, the electrolyte material for the
state-of-the-art commercial SOECs is the yttria-stabilized zirconia (YSZ). YSZ is used
for the conduction of oxygen ions. One disadvantage of the SOECs which operate
in this temperature range is the degradation and the instability of the electrolyte in
the long term. The working principle of a SOEC with a YSZ electrolyte is depicted in
Figure 2.4.

YSZ electrolyte

𝑶𝟐
−

𝑒−

H2O/H2
O2

AnodeCathode

H2O (g)

Figure 2.4: Schematic of a SOEC electrolyser. Steam at 800-1000°C is supplied to the cathode. The
application of DC power results in the reduction of steam to H2 molecules and O−2 ions. The O−2 ions
are conducted to the anode where oxygen is extracted. At the exit of the cathode, a mixture of steam

and H2 exits the compartment for further processing.

The half-reactions which take place in SOECs are the following:

Cathode ∶ H2O + 2𝑒− ⟶ H2 + O2− (2.6)
Anode ∶ O2− ⟶ 0.5O2 + 2𝑒− (2.7)

Firstly, steam at 800 - 1000°C is supplied at the cathodic electrode. When the required
voltage is applied, electrolysis of the water starts taking place. More specifically, the
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water molecules are reduced into hydrogen molecules and oxygen ions (2.6). Then,
the oxygen ions cross the YSZ electrolyte and reach the anode side where oxygen is
extracted (2.7).

2.1.5. Current research trends on the state-of-the-art electrolysers
In this subsection, the recent research trends for each of the water electrolysis tech-
nologies will be presented briefly.

In AWE, research conducted by Schalenbach et al. [20] has shown that the de-
velopment of diaphragms with thickness in the same order of magnitude with PEM
electrolysers could enhance the overall efficiency of AWE. Moreover, there is ongoing
research in the development of anion exchange membranes [22] and ion solvating
membranes [26] for AWE. The application of the aforementioned membranes could
avoid or significantly reduce the implementation of strongly concentrated KOH elec-
trolyte, and consequently, reduce the gas crossover. However, anion exchange mem-
branes have poor stability and a much lower lifetime than the Zirfon diaphragm.

In PEM electrolysis [21] there is a lot of ongoing research on the development of
IrO2 mixtures as electrocatalysts to mitigate the slowness of the OER. At the same
time, the developed electrocatalysts need to be unaffected by the acidic environment
of PEM electrolysis. Furthermore, alternative electrocatalysts are investigated for the
HER. Typical examples include the investigation of MoS2 and Pd/CNTs. Finally, there
is ongoing research focused on the membranes for cost reduction and the improve-
ment of their mechanical stability.

Finally, even though the SOEC is relatively a new technology there are some
projects which will be commercialized [27]. Hauch et al. [28] have reported that the
performance of SOEC has increased more than a factor of 2.5 over the last years.
Furthermore, the degradation of SOEC electrolysers has been reduced by more than
a factor of 100. The ongoing research is mainly focused on the development of more
robust and durable electrodes in the long term [28]. When high overpotentials are ap-
plied, the Ni network closest to the electrolyte is destroyed and leads to Ni migration
in the support layer. As a result, the electrochemical performance is reduced.

2.2. The sources of gas crossover in alkalinewater elec-
trolysis

To understand how gas crossover occurs, it is important to consider the mass transfer
mechanisms that take place in the half cell and enhance the nucleation, growth, and
detachment of the gas bubbles. The mass transfer mechanisms which are analyzed
in the following sections are limited to the electrode-electrolyte interface and the bulk
electrolyte in the half cell. As a result, themass transfer mechanisms induce properties
and phenomena which are important for the material balance equations that will be
presented in Chapter 3.

2.2.1. Prerequisites for gas evolution in gas-evolving electrodes
The electrodes which are immersed in a liquid electrolyte define a two-phase system,
since the electrode is solid, and the electrolyte is liquid. When a current is applied
to the electrode, bubbles start forming, and gaseous hydrogen is produced. For that
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reason, they are defined as gas-evolving electrodes, and the electrode region now
becomes a three-phase system.

It is a misconception that the production rate at which species are formed in the
electrode region, and obey Faraday’s law, is equal to the amount of the product in the
gaseous phase. Initially, when the electrochemical reactions take place, the product is
transported into the electrode-electrolyte interface in dissolved form. For the transition
in the gaseous phase upon the initiation of the electrolysis, several prerequisites exist
[29]. More specifically, the operating conditions such as the temperature, pressure,
and current density in which the electrolysis takes place are the most basic ones. In
addition, the existence of nucleation sites on the solid surface of the electrodes is
required. Such nucleation sites exist due to the irregularities on the electrode surface.
As a result, gas evolution occurs at these sites due to heterogeneous nucleation.

Another important requirement for gas formation is the existence of supersatura-
tion on the electrode region [30]. The concentration of the dissolved species in the
electrolyte at the electrode region must deviate from the equilibrium concentration for
the transition in the gaseous phase to start occurring. Typically, this is the case for
hydrogen gas evolution since its solubility in strongly concentrated electrolytes is very
low. The required supersaturation also strongly depends on the electrode material,
its wettability, and the applied current density.

2.2.2. The mass transfer mechanisms on gas-evolving electrodes

ΝD

Electrode

Product in the 

gaseous phase at 

the electrode 

region

Detached bubble at 

the bulk electrolyte

ΝΕ

ΝG

ΝF

Figure 2.5: Mass transfer mechanisms during alkaline water electrolysis. When DC power is supplied
to the electrode, the whole product dissolves in the liquid electrolyte, in the concentration boundary

layer of the electrode (Flux 𝑁D). The production rate obeys Faraday’s law. Due to the supersaturation
in the concentration boundary layer, an amount of the product is subjected to desorption (Flux 𝑁G).
Due to the combined effect of diffusion and convection, the rest of the product remains dissolved and

is transferred to the electrolyte bulk (Flux 𝑁E). Due to supersaturation in the electrolyte bulk, an
amount of the dissolved product desorbs to the detached bubbles (Flux 𝑁F). The rest of the product

remains dissolved and exits the electrolysis cell.
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Upon the initialization of electrolysis, the product is transferred to the electrolyte-
electrode interface in dissolved form. Subsequently, a fraction of the dissolved hydro-
gen is transferred to the gaseous phase (see Figure 2.5). The amount of the dissolved
species which are transported into the gas phase at the electrode region depends on
the mass transfer mechanisms which take place when electrochemical reactions start.
These mass transfer mechanisms can act on the electrode’s boundary layer [29–32].

When the electrochemical reactions take place the reaction product is transferred
to the electrode-electrolyte interface in dissolved form according to Faraday’s Law
(Figure 2.5). This overall production flux density of dissolved species is denoted with
𝑁D and is equal to:

𝑁D =
𝐽𝜈𝑖
𝑛𝐹 (2.8)

Where 𝐽 is the current density, 𝜈𝑖 is the stoichiometric number of species 𝑖, 𝑛 is the
charge number of the electrode reaction, and 𝐹 is the Faraday’s constant. Therefore,
the effect of current density leads to an increase in the concentration of dissolved H2
in the boundary layer of the electrode with respect to the concentration of dissolved
H2 in the electrolyte bulk. This concentration gradient builds up to a point where the
first nuclei are activated due to supersaturation, and the product is transported into
the gaseous phase, due to a desorption flux. The associated flux density is denoted
with 𝑁G. Afterwards, the bubbles grow and detach from the electrode. A new bubble
is created at the same nucleation site and this process keeps on. The nucleation and
growth of the bubbles are promoted by mass transfer mechanisms which can enhance
the 𝑁𝐺 flux density. The most important ones (Figure 2.6) which have been reported
by H. Vogt [29, 31] are the following:

1. 2. 3.

Figure 2.6: Mass transfer mechanisms on the electrode-electrolyte interface. 1. Micro-convection: In
the electrode region, the growth and detachment of the bubbles induce a stirring effect that enhances

the mass transfer. 2. Two-phase macro-convection: The combined effect of the forced and free
convection influence the momentum in the flow field of the bubbles, and enhance the mass transfer.
3. Single-phase macro-convection: Due to the concentration and temperature gradient in the liquid
electrolyte, single-phase free convection can influence the flow field, and hence the mass transfer.
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1. Bubble-induced micro-convection: When the bubbles detach from the electrode
and exit the concentration boundary layer, they break up. The growth of the
bubbles also influences the neighboring flow field. As a result, the growth and
detachment create an intense stirring effect with periodic micro-flow that dis-
turbs the boundary layer. This periodic micro-flow is linked with enhanced mass
transfer at the nucleation sites.

2. Two-phase forced convection (macro-convection): When the bubbles detach
from the electrode, they form a very fine dispersion in the electrolyte. In large-
scale electrolysers, this two-phase flow is circulated with pumps and influences
the momentum and consequently the mass transfer. The two-phase forced
macro-convection can be more prominent at the interelectrode gap.

3. Two-phase free convection (macro-convection): This mass transfer mechanism
is related to the previous one. Two-phase free convection can also be more
prominent in the interelectrode gap, but it influences the momentum, and conse-
quently the mass transfer due to buoyancy effects. More specifically, the buoy-
ancy effects can be induced by the local density differences in the dispersion.

4. Single-phase free convection: This mass transfer mechanism is dependent on
the concentration and temperature gradient uniquely of the liquid phase between
the bulk electrolyte and the electrode-electrolyte interface. Its extent is not re-
lated to the two-phase free convection mechanism.

2.2.3. Mass transfer mechanisms from the electrolyte bulk to the
gaseous phase

The rest of the product is transferred to the electrolyte bulk by molecular diffusion and
superimposed convection. The associated flux leaving from the electrode-electrolyte
interface (Figure 2.5) is denoted with 𝑁E. As a result, the dissolved Η2 species at
the electrolyte bulk can either remain dissolved or be further incorporated into the
detached bubbles. More specifically, it is suggested that the electrolyte bulk concen-
tration must be governed by supersaturation [33]. As a result, it is valid to assume that
a fraction of the dissolved product which is supersaturated in the electrolyte bulk can
be transported into the detached bubbles through a desorptive mass transfer mecha-
nism (flux density𝑁F in Figure 2.5). One of the approaches to model this phenomenon
can be via the film theory [33, 34]. This theory is governed by two main assumptions
[35]:

1. A thin, laminar film exists in the liquid and gaseous interface

2. In the laminar film, only molecular diffusion takes place

Assuming that in the gaseous interface there is not any mass transfer resistance,
the gaseous film can be neglected. In addition, it is assumed that the gas-liquid inter-
face is in phase equilibrium and is governed by an equilibrium concentration 𝑐∗, the
thin liquid film of a thickness 𝛿L is stagnant, and the concentration gradient is linear.
Furthermore, the electrolyte bulk concentration is equal to 𝑐out. As a result, molecular
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Figure 2.7: The film theory [35]. Mass transfer from the liquid to gaseous phase occurs in a thin
laminar film of a thickness 𝛿L, due to diffusion. At z = 0, the gas-liquid interface is governed by the
equilibrium concentration 𝑐∗. In the liquid film, a linear concentration gradient is assumed, where the

concentration of the electrolyte bulk equals 𝑐out.

diffusion which obeys the film theory only occurs with a driving force 𝑐∗−𝑐out and can
be visualized in Figure 2.7.

The diffusion molar flux in the liquid film obeys Fick’s Law. Therefore, it will be:

Φ̇diff = −𝐷𝜃𝐴GL
𝑑𝑐
𝑑𝑧 (2.9)

Where, 𝐷𝜃 is the molecular mass transfer coefficient between the dissolved species
and the liquid electrolyte, at a temperature 𝜃, in m2s−1, and 𝐴GL is the gas-liquid
interface area inm2. Considering the liquid film assumptions, the diffusion molar flux
can be rewritten:

Φ̇diff = −𝐷𝜃𝐴GL
𝑐out − 𝑐∗
𝛿L − 0

(2.10)

From equation (2.10) it follows that:

Φ̇diff = 𝑁F ⋅ 𝐴GL (2.11)

In the preceding analysis, it is assumed that the equilibrium concentration 𝑐∗ is
larger than the outlet concentration of dissolved species in the electrolyte bulk 𝑐out.
As a result, the diffusive flux from the film theory, 𝑁F, is directed from the gaseous
phase to the liquid phase. This phenomenon is called physisorption. When the outlet
dissolved concentration of species , 𝑐out, is larger than the equilibrium concentration
𝑐∗, due to supersaturation, the diffusion flux is directed from the liquid phase to the
gaseous phase. This phenomenon is called desorption. Typically, the former case is
valid for the dissolved hydrogen in the electrolyte bulk. Rearranging equation (2.10)
and using equation (2.11), an expression for the flux density 𝑁F can be obtained:

𝑁F = 𝑘L ⋅ (𝑐∗ − 𝑐out) (2.12)
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where, 𝑘L is the effective liquid mass transfer coefficient in 𝑚𝑠−1 and is equal to:

𝑘L =
𝐷𝜃
𝛿𝐿

(2.13)

The approximation of the mass transfer coefficient 𝑘L can be achieved with two
methods. According to De Haan et al. [35], the diffusivity in the liquid phase 𝐷𝜃 is in
the order of 10−9m2s−1.From experimental results, the mass transfer coefficient 𝑘L is
about 10−4 ms−1. Therefore, the boundary layer thickness 𝛿L should be around 10−5
m. For quick estimations, it is valid to assume that the boundary layer thickness is
proportional to the radius of the rising gas bubble 𝛿L ∼ 𝑑b/2. Consequently, the mass
transfer coefficient can be approximated with equation (2.14).

𝑘L =
2𝐷𝜃
𝑑b

(2.14)

Where the proportionality constant is equal to 1.
The second way to calculate the mass transfer coefficient 𝑘𝑗L,𝑖 can be achieved by

implementing empirical correlations. More specifically, for mass transfer calculations,
the Sherwood number (𝑆ℎ) can be applied. In general, the 𝑆ℎ number is a function of
the Reynolds 𝑅𝑒 and Schmidt number 𝑆𝑐:

𝑆ℎ = 𝑓(𝑅𝑒, 𝑆𝑐) (2.15)

To calculate the Sherwood number, the 𝑅𝑒 and 𝑆𝑐 numbers must be found first. The
𝑅𝑒 number is given by the following formula from Vogt [33]:

𝑅𝑒 = 𝑢rs ⋅ 𝜌L ⋅ 𝑑b
𝜇L

(2.16)

Where 𝜇L is the dynamic viscosity of the liquid electrolyte in Pa⋅s, and 𝜌L is the density
of the liquid electrolyte in kg ⋅m−3. The term 𝑢rs refers to the rising swarm velocity of
the gas bubbles during gas evolution, inm ⋅ s−1. In the literature, Vogt [36] and Haug
et al. [34] use the same relation to calculate the rising swarm bubble velocity from
Brauer et al. [37]:

𝑢rs = 𝑢r ⋅
1

1 + 𝜀g
(1−𝜀g)

2
⋅

1 − 𝜀g
1 + 1.05

(1+0.0685
(𝜀g)

2 )

0.5

−0.5

(2.17)

Where 𝜀g is the gas hold-up fraction inside the half-cell. The term 𝑢r refers to the rising
velocity of a single bubble in m ⋅ s−1. According to Haug et al. [34] for 1 < 𝑅𝑒 < 430
the following relationship could be used:

𝑢r = 0.33𝑔0.76 (
𝜌L
𝜇L
)
0.52

(𝑑b2 )
1.28

(2.18)

However, according to Vogt [33] for 𝑅𝑒 < 1.4 the following relation can be used for the
single bubble rising velocity:

𝑢𝑗r =
𝑔 (𝑑b)

2

12𝜇L
⋅ (1 − 𝜌G𝜌L

) (2.19)
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From the work of Vogt [33], the 𝑆𝑐 number is equal to:

𝑆𝑐𝑖 =
𝜇L
𝐷𝜃

(2.20)

Therefore, the 𝑆ℎ number which is again in accordance to both Vogt [33] and Haug et
al.[34], from the paper of Brauer et al. [38], will be equal to:

𝑆ℎ = 𝑘L ⋅ 𝑑b
𝐷𝜃

= 2 + 0.651 ⋅
(𝑅𝑒 ⋅ 𝑆𝑐)1.72

1 + (𝑅𝑒 ⋅ 𝑆𝑐)1.22
(2.21)

Finally, according to Vogt [33], the outlet electrolyte bulk concentration 𝑐out, which
is larger than the equilibrium concentration, increases with the length 𝑥 of the elec-
trode, that is 𝑐out = 𝑐(𝑥). Haug et al. [34] assume that the electrolyte bulk concen-
tration 𝑐out does not increase with the length of the electrode, but it remains constant
throughout the electrolysis half-cell. This is due to the continuous stirred tank reactor
(CSTR) assumption.

2.2.4. The gas evolution efficiency
From the preceding sections, it can be concluded that the overall flux density of for-
mation of dissolved gas (Figure 2.5) is equal to:

𝑁D = 𝑁G + 𝑁E (2.22)

The gas evolution efficiency, 𝑓G, is related to the amount of the dissolved species
in the electrode-electrolyte interface which are transported into the gaseous phase via
the preceding mass transfer mechanisms. In Ref. [30], the gas evolution efficiency is
mathematically defined as:

𝑓G =
𝑁G
𝑁D

= 1 − 𝑁E𝑁D
(2.23)

When 𝑓G = 1, the whole dissolved product in the electrode boundary layer is
transported into the gaseous phase and a bubble curtain is created. Typically, it oc-
curs when the current density is very high. In this case, it is also suggested that the
fractional bubble coverage Θ equals Θ = 1, and both the micro and macro-convective
mass transfer mechanisms are negligible [30]. Nevertheless, this case does not seem
realistic because the electrode would be completely blocked, and no reactants could
be fed for the electrochemical reactions. In real cases, the gas evolution efficiency
will have an upper bound close to unity for high current densities.

On the contrary, 𝑓G = 0 when the whole product remains dissolved in the bulk
electrolyte. This is the case when the current density is very low, Θ ≪ 1, and the whole
dissolved product is transferred to the electrolyte bulk throughmacro-convection mass
transfer mechanisms. More specifically, in this case, the single-phase free convection
becomes the dominant mass transfer mechanism [31] and the role of micro-convection
is negligible. In real case applications it has been reported that hydrogen bubbles start
forming at current densities as low as 0.01 kA ⋅m−2.

The gas evolution efficiency is a powerful property because it denotes a single
quantity that describes all the mass transfer phenomena at the electrode-electrolyte
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region. In addition, it is an indication of the desired product which is formed at the
electrode region in the gaseous phase. It is also important because the product which
remains dissolved in the electrolyte is the primary source of the gas crossover as will
be later explained. For these reasons, there has been a lot of effort to quantitatively
define the gas evolution efficiency. Vogt [29–32] has reported a series of publications
for its calculation by considering the effect of the preceding mass transfer mecha-
nisms, and the fractional bubble coverage Θ. More specifically, the gas evolution
efficiency can be calculated by implementing models with empirical relationships [30–
32]. Otherwise, it can be calculated as a function of the applied current density [33,
39]. However, the main problem with such relations is the fact that they cannot be
generalized for a variety of operating conditions in every application. Among other
parameters, the gas evolution efficiency depends on the material properties of the
electrode, and its specific design (i.e., perforated/mesh electrodes, membrane elec-
trode assembly). In addition, the fact that the modern alkaline water electrolysers are
being developed in a zero-gap configuration further complicates the validity of these
models. For these reasons, Haug et al. [34] suggest the gas evolution efficiency be-
ing a fitting parameter as a function of the current density. Overall, indicatively, some
of these gas evolution efficiency models are listed in Table 2.1.

Table 2.1: Hydrogen gas evolution efficiency according to the literature.

Author Relation

Vogt [33] 𝑓G = 1 − 1.35𝐽−0.095

Pierre et al. [39] 𝑓G = 0.5663 (1 − 𝑒−0.00206𝐽)
Haug et al. [34] 𝑓G = 0.25744𝐽0.14134

2.3. The crossover mechanisms and their effect on the
efficiency of alkaline water electrolysis

As stated in Chapter 1, the part-load operation in alkaline water electrolysis varies
between 20-40% of the nominal load. The precise definition of the lower bound of
operation is important because it signifies the lowest power load range at which the
alkaline water electrolyser can work when it is coupled with renewables and produce
green hydrogen safely.

When the load is very low, a fraction of the produced hydrogen remains dissolved in
the electrolyte. As a result, the dissolved species in the electrolyte are recirculated in
the auxiliary equipment, and under the effect of convective and diffusive mass transfer
mechanisms, they can cross the opposite half-cell. This phenomenon is called the gas
crossover and is of special importance because the dissolved species in the opposite
half-cell can result in recombination reactions to produce water, lower the gas purity
of the evolved product, or spontaneously combust and pose serious threats to the
integrity of the electrolyser.

In this section, it is analyzed how the crossover occurs in alkaline water electroly-
sis. Firstly, a short description of an alkaline water electrolysis plant is presented and



2.3. The crossover mechanisms and their effect on the efficiency of alkaline water
electrolysis 21

highlighted how the overall process results in the gas crossover. Then, a complete
breakdown of the crossover mechanisms is denoted according to the literature. Fi-
nally, it is analyzed how gas crossover affects the faradaic efficiency and the safety
of alkaline water electrolysers.

2.3.1. Alkaline water electrolysis in mixed mode operation

H2 gas O2 gas

H2O

Electrolyte mixer

Electrolyte

pump

AWE

Oxygen 

gas separator
Hydrogen

gas separator

- +

Cathode Anode

Liquid Level
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Figure 2.8: Process flow diagram of an alkaline water electrolysis plant in mixed mode. Dissolved
hydrogen in the liquid electrolyte is transferred to the hydrogen gas separator and outgases.

Dissolved oxygen is transferred to the oxygen gas separator and outgases. The amount that remains
dissolved in the liquid electrolyte is recirculated. In the electrolyte mixer, the liquid streams from the
gas separators that contain the dissolved species are mixed and re-directed to the electrolysis cell

with the use of pumps. Gas crossover due to electrolyte mixing occurs. The dissolved species inside
the compartment can cross-permeate to the opposite half-cell through the diaphragm due to

concentration or pressure gradient. The amount of gas crossover in the liquid level equalizer tube is
negligible. Red: Hydrogen circuit. Blue: Oxygen circuit. Yellow: Feedwater. Green: Crossover

regions.

In Figure 2.8, the system overview of an alkaline water electrolysis plant is given.
The electrolyser is presumed to be in a zero-gap configuration and consists of mesh
electrodes. The electrolyte solution contains strongly concentrated KOH for ionic con-
duction. The half-reactions obey the reactions (2.1) and (2.2). Therefore, when the
electrochemical reactions take place, dissolved species will exist in the electrolyte
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bulk. In addition, the mixture which contains the electrolyte solution with the dissolved
species and the gaseous products exits the electrolyser and is transferred to the gas
separators. Typically, there are two gravity gas separators, one for hydrogen and an-
other one for oxygen. When the mixture enters the separator, the gaseous products
move upwards, and the electrolyte solution remains at the bottom of the separator.
As a result, the gaseous products can be extracted and be further processed. After
that, the electrolyte solution and the dissolved species are recirculated, and the flow
rate can be adjusted by the means of pumps.

On the cathode side, water is consumed due to the cathodic half-cell reaction,
while on the anode side water is produced due to the anodic half-cell reaction. For
that reason, the liquid level in the gas separators will be different. Consequently,
a liquid level equalizer tube is typically installed to avoid such level differences [12,
40]. Moreover, due to the water consumption and production, the concentration of
potassium hydroxide increases on the cathode and reduces on the anode. As a result,
an electrolyte mixer is placed to balance the concentration difference between the half-
cells. In addition to the electrolyte mixer, an H2O feed is placed on the hydrogen gas
separator to supplement the water lost due to hydrogen production.

Overall, during the electrolysis process, the existence and hence the recirculation
and mixing of the dissolved species inside the electrolyser induce crossover due to
diffusive and convective mass transfer mechanisms. These mechanisms are further
analyzed according to the literature [12, 16, 20, 34, 40, 41].

2.3.2. Crossover due to diffusion
The first mechanism that has been reported in the literature is the crossover of the
electrolysis products due to diffusion. The electrolysis products can be diffused across
the pores of the diaphragm to the opposite half-cell, as depicted with green arrows in
Figure 2.8.

Diffusion can occur in both the half-cells [12]. Therefore, anodic oxygen can cross-
permeate on the cathode and contaminate the produced hydrogen, hence reducing
the gas purity. The cross-permeated oxygen also combusts with the evolved hydro-
gen products and results in regenerated water. On the contrary, cathodic hydrogen
can cross-permeate the diaphragm and react with or contaminate the evolved anodic
oxygen, resulting in direct product loss. Due to the overall reaction for alkaline water
electrolysis (2.3), more hydrogen than oxygen is produced. Therefore, more hydrogen
than oxygen cross-permeates the diaphragm [40].

In general, the hydrogen species can cross-permeate the diaphragm by diffusion
either as a gaseous phase, in the form of bubbles, or dissolved in the electrolyte.
Schalenbach et al. [16] reported that the hydrogen bubbles possibly cannot penetrate
the Zirfon pores because their diameter is larger than the diameter of Zirfon’s pores.
This consideration can also be validated by Haug et al. [40] who measured the hydro-
gen bubble diameter for their experimental setup and found out that the average bub-
ble diameter is larger than 100 μm while the Zirfon’s pore diameter is approximately
130 nm [42]. In addition, Schalenbach et al, assume that as the electrolyte penetrates
the diaphragm pores, it induces a capillary pressure that may further prevent the pen-
etration of the bubbles in the opposite half-cell. Therefore, it will be assumed that
hydrogen cannot penetrate the opposite half-cell in the form of gas bubbles. Con-
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sequently, the crossover on the diaphragm is due to the diffusion of the dissolved
hydrogen species in the electrolyte bulk.

The driving force of diffusion is the high concentration gradient across the di-
aphragm. Especially in a zero-gap configuration, the concentration of the cathodic
dissolved hydrogen in the vicinity of the diaphragm is supersaturated. On the anode,
the concentration of dissolved hydrogen is close to zero. Consequently, this concen-
tration gradient leads to a diffusive mass flux across the diaphragm denoted as Ndiff

H2
.

The diffusion mass flux obeys Fick’s Law, and its mathematical formulation according
to Haug et al. [41] is the following:

𝑁diffH2
= 𝐷effH2

Δ𝑐H2

𝛿sep
(2.24)

Where, Δ𝑐H2 is the concentration difference between the cathode and the anode,
𝛿sep is the thickness of the diaphragm, and 𝐷effH2

is the effective diffusion coefficient of
hydrogen in the diaphragm. The exact mathematical definition of these parameters
will be given in Chapter 3.4.6.

2.3.3. Crossover due to convection
In general, there are several subcategories of convective crossover in alkaline wa-
ter electrolysis. Here it is taken into consideration the crossover due to differential
pressure across the diaphragm, and electrolyte mixing. The crossover due to electro-
osmotic drag has been reported to be negligible in alkaline water electrolysis [20, 41].

Differential Pressure: The driving force of the crossover due to differential pressure
is the absolute pressure difference between the half-cells. As a result, the electrolyte
with the dissolved species can cross-permeate through the diaphragm to the oppo-
site half-cell. The crossover due to differential pressure obeys Darcy’s law and its
mathematical formulation is the following [20]:

𝑁dpH2
= 𝜀DarcyH2

Δ𝑝
𝛿sep

(2.25)

Where, 𝜀DarcyH2
is the hydrogen permeability due to differential pressure, and Δ𝑝 =

𝑝cat − 𝑝ano is the absolute pressure difference between the cathode and the anode.
A similar equation is applied to oxygen permeation.

The Zirfon diaphragm in alkaline water electrolysers has much larger pores than
the Nafion membranes in PEM. For that reason, the alkaline water electrolysers are
more prone to crossover due to differential pressure. As a result, they normally oper-
ate under balanced pressure.

Schalenbach et al. [16] have derived a relation that correlates the crossover due to
differential pressure with the crossover due to diffusion for Zirfon diaphragms. There-
fore, they can extract which crossover mechanism becomes dominant during alkaline
water electrolysis. The relationship is the following:

𝑁dpH2

𝑁diffH2

≈ Δ𝑝
0.01 (2.26)
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The equation (2.26) is the main reason why balanced pressure operation is nor-
mally chosen for alkaline water electrolysis. Even if there is a very small pressure
difference, from equation (2.26) it becomes clear that the crossover due to differential
pressure becomes dominant.

Electrolyte mixing: In the previous section, the working principles of an alkaline
water electrolysis plant in mixed mode operation were described. To avoid the con-
centration difference in KOH between the half-cells, an electrolyte mixer and a liquid
level equalizer tube are typically installed. In the electrolyte mixer and the liquid level
equalizer, the electrolyte streams from both the half-cells are mixed. However, as it
has already been described, the liquid electrolyte carries dissolved species from each
half cell. Therefore, when the mixing of the streams occurs, the dissolved species
from each half-cell end up in the opposite one. Now, each stream carries impurities
which are simply the dissolved species of the opposite half-cell. As a result, when the
dissolved species reach the gas separator of the opposite half-cell, they can outgas
and lower the purity of the product. The regions where crossover due to electrolyte
mixing occurs are highlighted with green color in Figure 2.8.

2.3.4. Comparison of the crossover mechanisms
Both the diffusive and differential pressure crossover mechanisms are important for
the calculation of the cross-permeated flux across the diaphragm. However, their con-
tribution depends on the operating conditions during the electrolysis process. More
specifically, according to equation (2.26) the applied pressure is one of the most im-
portant parameters because it determines which mechanism becomes dominant. If
one of these crossover mechanisms becomes dominant, the other one can be omit-
ted. For example, during their experimental setup, Schalenbach et al. [20] applied
6 bar absolute pressure in each half cell, while Haug et al. [40] applied 1 bar. In
addition, they both installed a pressure controller to each half cell and claimed that it
has an accuracy within 1%. Therefore, the maximum absolute differential pressure
in [20] will be Δ𝑝Schalenbach = 0.06bar, and in Ref. [40] it will be Δ𝑝Haug = 0.01bar.
The substitution of these Δ𝑝 in (2.26) leads to a sixfold differential pressure crossover
than the diffusive one in Ref. [20], and equal contribution in Ref. [40]. For that rea-
son, Schalenbach et al. assumed that the crossover in the diaphragm was governed
by the differential pressure and the diffusive contribution was omitted, while Haug et
al. assumed the opposite. In conclusion, from the previous experiments, the applied
pressure during alkaline water electrolysis must be close to atmospheric to avoid the
crossover due to differential pressure.

Trinke et al. published a report [41] where they performed a series of experiments
to measure the contribution of each of the crossover mechanisms that were described
previously. The resulting current density was ranging from 0.1-7 kA ⋅m−2 at a con-
stant pressure of 1 bar. From these experiments, they found out that the most in-
fluential crossover mechanism in alkaline water electrolysis is the convection due to
electrolyte mixing. More specifically, they concluded that the crossover due to elec-
trolyte mixing remained almost constant regardless of the current density. In addition,
they claimed that it accounts for 90% of the total crossover. The rest was due to
diffusive crossover through the diaphragm.
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Finally, in a report by Haug et al. [40], the effect of the liquid level equalizer in
the gas crossover was evaluated experimentally. More specifically, they installed a
valve in the equalization tube and performed the electrolyser in a partly separated
mode of operation. Partly separated is defined as the operation where the valve in the
equalization tube remains open and the recirculated electrolyte streams from the gas
separators do not conclude in the electrolyte mixer but their corresponding half-cell.
They compared the resulting gas crossover with the gas crossover from the separated
operation. In a separated operation, the valve in the equalization tube remains closed.
From this experiment, they found out that the gas crossover by the electrolyte mixing
in the equalization tube is negligible.

2.3.5. The effect of gas crossover on the cell efficiency
In general, the overall cell efficiency is the product of voltaic and faradaic efficiency
[20]. The modeling results in Ref. [20] reveal that in low current densities, the faradaic
efficiency in alkaline water electrolysis becomes dominant to the decline of the overall
cell efficiency. In low current densities, more hydrogen will remain dissolved in the
electrolyte bulk, and hence more product will cross-permeate to the anodic compart-
ment. At the same time, the themobalanced voltage will be low, and hence the impact
of voltaic efficiency in the overall cell efficiency. On the contrary, in the modeling re-
sults of Ref. [20], at higher current densities, the voltaic efficiency becomes dominant
to the drop of the overall cell efficiency. In high current densities, gas crossover is
significantly reduced and the faradaic efficiency is close to unity. Due to the higher
impact of resistances in the thermobalanced voltage at higher current densities, the
main reason of the drop in the overall cell efficiency is due to the voltaic efficiency.
Therefore, for the part-load operation, the faradaic efficiency is more relevant.

The Faradaic efficiency according to Schalenbach et al. [20] is equal to:

𝜂c = 1 −
𝐼loss
𝐼 (2.27)

Where, 𝐼loss is the current which does not lead to the production of hydrogen on the
cathode. According to Ref.[20], the main reason for the current loss is the cross-
permeation of hydrogen and oxygen species through the diaphragm. Therefore, to es-
timate the faradaic efficiency the current loss is interrelated with the cross-permeated
fluxes through the diaphragm by applying Faraday’s law. Using equation (2.8), the
total current is estimated. Therefore, the faradaic efficiency is given by:

𝜂c = 1 −
𝑁dpH2

𝑁H2

− 2
𝑁dpO2

𝑁H2

(2.28)

Equation (2.28) is partially correct because the effect of the crossover due to the
electrolyte mixing has not been considered in Ref. [20]. However, equation (2.28)
provides a crude estimate and understanding of the influence of gas crossover on the
faradaic efficiency, and consequently the overall cell efficiency.

2.3.6. The effect of gas crossover on fire and safety
The cross permeation of dissolved hydrogen species in the anodic half-cell, where
oxygen is produced, can create an explosive atmosphere due to the spontaneous
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oxidation reaction of hydrogen with oxygen. The opposite case also holds true.
To quantify the ignition of a possible explosion, the vapour concentration of the

fuel source in air is typically studied. More specifically, for electrolysis applications,
the gaseous concentration of hydrogen in gaseous oxygen is considered. The explo-
sion can take place for a range of concentrations. The limits of this range are called
the Lower Explosive Limit (LEL), and the Upper Explosive Limit (UEL). Below the LEL,
combustion of hydrogen with oxygen cannot occur because the mixture is too lean.
Similarly, above the UEL, combustion of hydrogen with oxygen cannot occur because
the mixture is too rich. The limits strongly depend on the applied pressure and tem-
perature, and they are experimentally defined. In the CHEMSAFE database [43], the
LEL and UEL limits can be found from a variety of publications. More specifically, for
𝑇 = 20∘C and 𝑝 = 1 bar, the LEL of hydrogen in oxygen is 4 mol%, and the UEL
is 95.2 mol% according to Ref. [44]. When there is an ignition source available, and
hydrogen in oxygen concentration reaches the LEL which is 4 mol%, the mixture can
spontaneously combust. To avoid the risk of spontaneous combustion in electrolysis
applications due to gas crossover, the standard ISO 22734:2019 is proposed [14].
In ISO 22734:2019, the hydrogen content in hydrogen-oxygen gas mixtures should
never exceed 50% of LEL, which equals 2 mol%. Consequently, when the anodic
hydrogen content exceeds 2 mol%, the electrolyser must shut down.

2.4. Gas crossover mitigation strategies
The operation of alkaline water electrolysers requires the avoidance of 2 mol% in the
anodic hydrogen content. During the part load operation, there is more dissolved
hydrogen in the liquid electrolyte than in the nominal load operation. Furthermore, the
anodic hydrogen content in the part load range can approach the 50% of LEL, and
can force the electrolyser to shut down.

In the following, some strategies for the mitigation of the gas crossover in alkaline
water electrolysis are presented, according to the literature. These strategies are
based on reshaping the design of the electrochemical cell and proposing alternative
process operations.

2.4.1. Reshaping the design of the electrochemical cell
The first alternative to reduce the gas crossover is the implementation of catalytic re-
combiners [45]. The catalytic recombiners are applied to the vicinity of the electrode.
They are made from a Pt-based catalyst which is sprayed on a porous structure. Their
function aims at recombining H2/O2 gas mixtures to water by promoting a heteroge-
neous reaction. The catalytic gas recombiner is activated when H2 cross permeates
the diaphragm and the H2/O2 mixture obtains a critical value in terms of H2 concen-
tration. It has to be noted that the implementation of recombiners does not mitigate
the source of the crossover but reduces the risk of spontaneous combustion. Conse-
quently, the faradaic efficiency is not increased, but the resulting stream is hydrogen-
free. Another solution to reduce the gas crossover, according to Schalenbach et al.
[46], is the implementation of two additional electrodes in the electrochemical cell. One
additional electrode is installed on the cathode side to reduce the hydrogen crossover.
Similarly, a second additional electrode is installed on the anode side to reduce the
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oxygen crossover. In these additional electrodes, the reverse half-reactions of their
corresponding primary electrodes are promoted. For example, with the additional
electrode installed on the cathode, the reverse cathodic reaction takes place. As a re-
sult, if there is a tendency for hydrogen species to cross permeate the diaphragm, the
reverse reaction occurs on this additional electrode, and the gases are electrochem-
ically sent back to the primary electrode. Furthermore, similar reasoning is followed
for the anodic half-cell. Nevertheless, the main issue with this design configuration
is the fact that it can be very complicated and does not tackle the crossover due to
electrolyte mixing.

2.4.2. Alternative process operations
The problem with the two previous strategies is that none of them can tackle the
crossover due to electrolyte mixing. In the literature, two different process opera-
tion strategies have been reported that can reduce this crossover mechanism. These
process operations are the lye circulation control [47], and the dynamic switching of
electrolyte cycles [40].

Schug published a report [47], where he states that crossover occurs due to diffu-
sion and electrolyte mixing. He also highlights the fact that even if diffusive crossover
will be minimized, the crossover due to electrolyte mixing remains dominant in part-
load operation. For that reason, it is suggested supplying a minimum lye flow rate to
each half cell such that the diaphragm will not “dry out”, and at the same time, the
temperature rise of the cell remains small. The reduction of the flow rate can lead
to less convective crossover and consequently less electrolyte mixing. Furthermore,
it is reported that the control of the lye circulation is achieved by the implementation
of some empirical relationships between the current, voltage, and lye flow. However,
these relationships are not provided in the paper.

Haug et al. [40], suggest the dynamic switching of electrolyte cycles as an alterna-
tive process operation, and experimentally prove that it can reduce the gas crossover.
Schematically, the dynamic switching of electrolyte cycles is depicted in Figure 2.9.

The process flow diagram of this method is similar to the mixed-mode operation.
The only difference is that each electrolyte pump is now connected with a new branch,
and there are four valves. This modification enables the changeover of the operative
electrolyte cycle by dynamically switching the valves. More specifically, when the
valves V-1.1 and V-1.2 are open, and the valves V-2.1 and V-2.2 are closed, the system
works in the partly separated mode operation. On the contrary, when the valves V-1.1
and V-1.2 are closed, and the valves V-2.1 and V-2.2 are open, the system works in
the mixed-mode operation.

If the process works in the partly separated mode, there is no crossover due to
electrolyte mixing because the valves V-2.1 and V-2.2 are closed. Therefore, there
will only be crossover through the diaphragm which is very small. Furthermore, as al-
ready described previously, the electrolyte mixing in the equalization tube is negligible.
However, the system cannot permanently operate in a partly separated mode. The
reason is that a concentration gradient in the KOH between the half-cells is formed
and it leads to a reduction in the electrolyte conductivity, and thus a reduction in the
overall efficiency. Consequently, in the dynamic switching of electrolyte cycles, the
system works for a certain period in partly separated mode and then switches to mixed
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Figure 2.9: The Dynamic Switching of Electrolyte Cycles process. When the valves V-2.1, V-2.2 are
opened, and V-1.1, V-1.2 are closed, the plant operates in a mixed mode. Crossover occurs due to
diffusion through the diaphragm, and due to electrolyte mixing. When the valves V-2.1, V-2.2 are

closed, and V-1.1, V-1.2 are opened, the plant operates in a partly-separated mode. Crossover occurs
only due to diffusion through the diaphragm. During the dynamic switching, the electrolysis plant
operates for a certain time in a partly-separated mode and then it switches to a mixed mode for the
same time. The periodic switching of the active electrolyte cycle results in a sinusoidal trend for the
impurity. The average impurity in the dynamic switching is less than the impurity in the mixed mode.

mode.

The dynamic switching of the electrolyte cycles continues as long the electrolyser
operates under part-load. According to the experiments conducted by Haug et al. [40],
the anodic hydrogen content develops an oscillatory behavior. The extreme values in
this oscillatory behavior are the minimum and maximum obtainable anodic hydrogen
content when the system works in partly separated mode and mixed mode, respec-
tively. Therefore, the overall anodic hydrogen content is the mean of these extreme
values. In conclusion, this method can be a realistic solution that can be applied to the
existing equipment and reduce the crossover due to electrolyte mixing under part-load
operation.
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2.5. Literature on modeling of alkaline water electroly-
sis

In the literature, only the report of Haug et al. [34] focuses on developing a steady-
statemodel of the gas crossover in alkaline water electrolysers. In this zero-dimensional
model, steady-state material balances are applied, and the gas impurity is calculated
as a function of current density, temperature, lye flow rate, and KOH concentration.
Finally, the results are verified with experimental data.

Schalenbach et al. [20], published a report where they estimate the overall effi-
ciency of the electrochemical cell, for both alkaline water electrolysis and PEMelectrol-
ysis. For the calculation of the overall efficiency, they consider all the overpotentials
and the gas crossover through the diaphragm and membrane. They claim that the
development of thinner diaphragms than Zirfon could reduce the overpotentials and
consequently achieve better efficiencies than the PEM electrolysers. Finally, they also
validate their modeling results with experimental data.

However, most of the modeling publications are focused on the polarization curve
and hydrogen production. Ulleberg [48] developed amodel by applying thermodynam-
ics, heat transfer, and electrochemical empirical models to predict the performance of
alkaline water electrolysers under dynamic loading. This model drew the attention of
many researchers because it can accurately predict the performance of alkaline elec-
trolysers when it is coupled with renewables [49, 50]. Amores et al. [51], extended
Ulleberg’s model by considering the electrolyte concentration and the distance be-
tween the electrodes.

Finally, more recently, CFD models have been developed to study alkaline water
electrolysis cells. Lee et al. [52], developed a three-dimensional model in Ansys
Fluent to evaluate the gas evolution at the electrodes, the dissolution of products in
the electrolyte, and the bubble coverage of the electrodes.
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The development of the model described in this chapter focuses on the prediction of
the gas purity during alkaline water electrolysis at the exit of the gas separators, under
steady-state transient state. The predicted gas purity depends on the applied temper-
ature, pressure, flow rate, and current density. It also depends on the concentration
of potassium hydroxide, and the liquid and gaseous volume of the gas separators.

In the previous chapter, alternative operational concepts were introduced to fur-
ther increase the purity of the resulting gaseous products. The dynamic switching of
the electrolyte cycles seems to be a promising solution to operate the alkaline wa-
ter electrolyser at the low current density range while maintaining the gas purity high.
During the dynamic switching of electrolyte cycles, the electrolyser operates for a spe-
cific time range in mixed-mode, and then it switches to partly separated mode. During
the mixed-mode operation, the anolyte and catholyte cycles are continuously mixed
to maintain the concentration of potassium hydroxide stable due to the half-reactions
that take place in the compartments. Then, the process switches to the separated
mode where crossover occurs only due to diffusion through the diaphragm. As a re-
sult, the impurity acquires a sinusoidal behavior where its average value is lower when
compared with the mixed mode [40].

In Chapter 3, dynamic mass balances are used to describe the dynamic switching
of the electrolyte cycles. The development of the model that describes the dynamic
switching of electrolyte cycles requires the introduction of the steady state case. For
this purpose, firstly, the steady-state model will be presented and then the dynamic
material balances.

In the first section of this chapter, the assumptions that describe the mass transfer
phenomena throughout the whole electrolysis simplified process flow diagram will be
shown. The assumptions and the simplified process flow diagram are valid for both the
steady-state and dynamic models. In the next section, the generic form of the steady-
state material balances will be given. Next, the generic form of the dynamic material
balances will be provided. The following section contains the boundary conditions
and the mathematical expressions for the parameters of the model. In most of the
cases, the mathematical expressions are the same for both models, unless otherwise
stated. Finally, the final form of both the steady-state and dynamic material balances
that were implemented in Python will be provided.

31
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3.1. System description and assumptions
In the following, a brief system description and the required assumptions of the mathe-
matical models in the alkaline water electrolyser will be introduced. In the first subsec-
tion, the assumptions for the steady-state and dynamic mass balances in the electrol-
ysis cell will be provided. For both situations, the assumptions are the same. In the
next subsection, the assumptions for the steady-state and dynamic mass balances
in the gas separators will be given. The assumptions are valid for both models. Fi-
nally, the simplified process flow diagram that was implemented for both mathematical
models will be presented.

3.1.1. Mathematical model assumptions for the electrolysis cell

మమ

j

𝐜𝐫𝐨𝐬𝐬
𝒊

Close-up of the 
gas-liquid interface 

Bubble

Electrolyte

Figure 3.1: The mass balance in the single cell. The reaction rate �̇�𝑗R,𝑖 obeys Faraday’s law. Only
liquid stream with dissolved molecules enters the cell �̇�𝑗L𝑐𝑗in,𝑖. The stream which exits the cell consists
of the liquid electrolyte with the dissolved species �̇�𝑗L𝑐𝑗out,𝑖, and the gaseous phase which obeys ideal
gas law 𝑝𝑗out,𝑖�̇�

𝑗
G

𝑅 𝑇 . The mass transfer in the electrolyte bulk is governed by a desorption flux 𝑁𝑗phys,𝑖. In
the electrolysis cell, cross-permeation in the opposite half cell occurs due to diffusion through the

diaphragm 𝑁𝑖cross

When the electrolysis process starts, hydrogen is produced in the cathode �̇�catR,H2
,

and oxygen is produced in the anode �̇�anoR,O2
. Due to the mass transfer limitations

that were introduced in Chapter 2.2, a part of the total product is transferred to the
liquid phase and the rest is directly transferred to the gaseous phase. The part of
the product that is transferred to the liquid phase remains dissolved and is described
by the variable 𝑐𝑗out,𝑖. At this point, it is assumed that each compartment follows the
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continuous-stirred-tank model (CSTR) [53]. More specifically, each half cell can be
considered a reactor whose contents are perfectly mixed. The reactor consists of con-
tinuous inflow and outflow. As a result, the concentration and temperature throughout
the reactor are uniform. Due to the perfect mixing assumption, the contents of the
reactor can outflow immediately. The outlet dissolved concentration of the products
is an unknown quantity and is calculated by the developed model. Overall, due to the
development of gas crossover mechanisms, each reactor will also contain the product
of the opposite half cell.

In practice, the liquid volumetric flow rate that enters the anode �̇�anoL , is equal to
the volumetric flow rate that enters the cathode �̇�catL , since it can be regulated by a
pump before the cell entrance (Figure 3.3). Furthermore, it is assumed that the out-
let volumetric flow rate equals the inlet. This assumption is required to simplify the
material balances. The part of the product that is transferred to the gaseous phase is
assumed to obey the ideal gas law, due to atmospheric operation. Given the cathodic
and anodic temperature, the model can predict the outlet partial pressure 𝑝𝑗out,𝑖 as well
as the gaseous volumetric flow rate �̇�𝑗G. The gaseous volumetric flow rate that leaves
the half-cells is not the same between the anode and cathode. The bubbles which
contain the gaseous products are assumed to be monodisperse and perfectly spher-
ical, and any coalescence effects due to hydrodynamic phenomena are not taken
into consideration. Finally, it is assumed that no gaseous product can be recirculated
throughout the system. Therefore, the inlet volumetric flow rate is gas-free.

The products that remain dissolved in the electrolyte bulk can be transferred to the
gaseous phase via a subsequent mass transfer step 𝑁𝑗phys,𝑖 or can cross permeate
through the diaphragm to the opposite half cell via the𝑁cross,𝑖 flux. In the first case, the
subsequent mass transfer step can be achieved via a desorption flux due to the super-
saturation of dissolved species in the liquid electrolyte and can be modeled via the film
theory (Chapter 3.4.5).The desorption flux takes place between the bulk liquid elec-
trolyte and the product bubbles (Figure 3.1). Even though that there is a desorption
flux, the mass transfer in the electrolyte bulk in Figure 3.1 is visualized by a physisorp-
tion flux. When the physisorption flux is negative, which is mostly the case, the direc-
tion of the 𝑁𝑗phys,𝑖 flux is opposite to the direction shown in Figure 3.1. In the second
case, it is assumed that the cross-permeation flux through the diaphragm is achieved
only due to the diffusion of dissolved species in the bulk electrolyte (Fick’s Law). The
gaseous phase cannot cross-permeate because the diaphragm is hydrophilic. The
electrolyser operates in low pressure, close to atmospheric, and hence the convec-
tive mass transfer due to differential pressure through the diaphragm (Darcy’s Law)
can be neglected. Finally, it is assumed that there is no additional mass transfer in
the interconnecting piping.

3.1.2. Mathematical model assumptions for the gas separator
After the dissolution of the products in the liquid electrolyte and the formation of the
resulting product gases in the electrolysis cell, the two-phase mixture is directed to
the gas separators (Figure 3.2). For visualization purposes, the two-phase mixture is
depicted as two different streams. The inflow and outflows of each gas separator con-
sist of the products from both the half cells due to crossover. When the electrolyser
operates in “mixed mode”, the liquid electrolyte that contains the dissolved species
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Figure 3.2: The mass balance in the gas separator. The liquid stream with the dissolved species 𝑖
that exits the electrolysis cell 𝑗, �̇�𝑗L𝑐𝑗out,𝑖, now enters its corresponding gas separator. The gaseous

stream of species 𝑖 that exits the compartment 𝑗, 𝑝
𝑗
out,𝑖�̇�

𝑗
G

𝑅 𝑇 , now enters the gas separator. The produced

gas is collected at the exit of the gas separator 𝑝
sep,𝑗
out,𝑖 �̇�

𝑗
G

𝑅 𝑇 . The liquid stream that exits the gas separator
�̇�𝑗L𝑐sep,𝑗out,𝑖 , is recirculated.

𝑐sep,𝑗out,𝑖 is directed to an ideal mixer, where it is mixed with the dissolved species that
exit from the opposite gas separator. Therefore, crossover due to electrolyte mixing
occurs. When the electrolyser switches to “partly separated mode”, the liquid elec-
trolyte which outflows from the gas separator 𝑐sep,𝑗out,𝑖 can be directed to the half cell
without mixing. The partial pressures of H2, O2 at the outlet of the gas separator,
𝑝sep,𝑗out,H2

and 𝑝sep,𝑗out,O2
are used to compute the impurity of the product gas.

The gas separators are also modeled as CSTR ideal reactors. However, in com-
parison to the electrolysis cell, there is no reaction. When a specific current density is
applied to the electrolyser, there is always a transition time required for the system to
reach a steady state. The CSTR assumption is essential such that the transition time
to equilibrium can be accurately modeled. The quantities which define the transition
time required for the system to reach equilibrium are the liquid 𝑉sep,𝑗liq and the gaseous
volume 𝑉sep,𝑗gas of each gas separator. Finally, the gas separators are assumed to be
100% percent efficient, and hence there is no additional mass transfer from the liquid
electrolyte to the gaseous phase.

3.1.3. Simplified process flow diagram
In Figure 3.1 and Figure 3.2, the liquid and gaseous flow rates with their corresponding
concentrations and partial pressures are given. In Figure 3.3, the liquid and gaseous
volumes in the electrolysis cell and the gas separators are also depicted.

The Figure 3.3 shows a simplified process flow diagram of an electrolysis plant that
was analyzed in Chapter 2 (see Figure 2.9). In the simplified process flow diagram,
the liquid level equalizer tube and the feedwater stream in the cathodic gas separator
are not included. The liquid level equalizer tube is required to keep the liquid level
of the gas separators equal due to the reduction and oxidation reactions. The con-
servation of equal liquid levels between the gas separators means that there is no
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Figure 3.3: The simplified process flow diagram. The liquid and gaseous flow rates that enter and exit
the system, are denoted with their corresponding concentration and partial pressure. The liquid and
gaseous volumes that are used in the material balances, are shown with different colors (turquoise

and grey).

differential pressure build-up between the anodic and cathodic half cells. In addition,
as analyzed in Chapter 2.3.4, there is no additional crossover due to the existence
of the liquid level equalizer tube. The role of the feedwater stream is to compensate
for the water consumed due to gas production. As a result, instead of including these
additional streams in the mathematical model, the liquid and gaseous volumes in the
gas separators 𝑉sep,𝑗liq and 𝑉sep,𝑗gas are assumed to be steady with time. Additional mass
transfer phenomena which may take place inside the gas separator are neglected.

The liquid and gaseous volumes inside the electrolysis half cells 𝑉𝑗liq and 𝑉
𝑗
gas are

also assumed to be steady with time (see Figure 3.3). Due to the CSTR model, it
is reasonable to assume that the application of a current density results in gas evo-
lution immediately. Therefore, for a specific current density, it is assumed that the
evolved gases instantly reach their steady state which is represented by the steady
liquid and gaseous volumes in the half cells. In practice, the liquid electrolyte and the
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evolved gases represent a bubbly flow, where the sum of the bubbles’ volume inside
the half cell acquires the required gaseous volume, and the liquid electrolyte with-
out the bubbles acquires its corresponding liquid volume. To visualize the liquid and
gaseous volumes inside the electrolyser, the bubbly flow is depicted as two distinct
areas (turquoise color for liquid volume, grey color for gaseous volume). The same
holds for the gas separators.

Finally, the liquid and gaseous flow rates �̇�𝑗L and �̇�
𝑗
G are depicted in the simplified

process flow diagram. It is assumed that the flow rates are determined in the elec-
trolysis cell and do not change throughout the process. As a result, the gaseous flow
rate is calculated from the mathematical equations of the electrolysis cell and its value
remains the same at the exit of the gas separator. The liquid volumetric flow rate is
regulated by the pump, before the entrance of the electrolyser, and remains the same
at the entrance and exit of the gas separator. When the system operates in mixed
mode, the flow rate at the exit of the ideal mixer is �̇�mix.

3.2. The general form of the steady-state material bal-
ances

In the following, the general form of the steady-state material balances for alkaline
water electrolysers is introduced. In the first subsection, the steady-state material bal-
ances for the electrolysis cell are given. Similarly, in the next subsection, the steady-
state material balances for the gas separators are provided.

3.2.1. The general form of steady-state material balances in the
electrolysis cell

The electrolysis cell consists of the anodic and the cathodic half cell. For each half
cell, there is a steady-state material balance for the liquid phase and another for the
gaseous phase. Due to the existence of gas crossover, each half cell will also contain
the product from the opposite one. For example, in the anode, the primary product
is oxygen, but hydrogen will also exist due to gas crossover. Therefore, the anodic
side consists of two steady-state material balances for the liquid phase (one for the
primary product, one for the product due to crossover), and two material balances for
the gaseous phase (one for the primary product, one for the product due to crossover).
Similarly, the same holds for the cathode. Consequently, for the liquid and gaseous
phase in the electrolysis cell there will be eight steady-state material balances in total.
The general form of a material balance in steady-state is the following:

0 = ⎛

⎝

Mass flow
rate of

component A
into system

⎞

⎠

−⎛

⎝

Mass flow
rate of

component A
out of system

⎞

⎠

+
⎛
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⎝
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⎞
⎟

⎠
The units of each term in the material balances are in mol ⋅ s−1. The rate of ac-

cumulation of mass in the system is not taken into consideration because the system
is solved for the steady-state case. The rate of depletion of mass in the material
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balance is also neglected because it is assumed that there are no recombination re-
actions. The applied steady-state mass balance for the electrolysis cell is based on
Figure 3.1. For the single cell, the total production rate on the electrode obeys Fara-
day’s Law. The percentage of the total production rate that is transferred directly to
the gaseous phase in the vicinity of the electrode is characterized by the gas evolu-
tion efficiency 𝑓G,𝑖. The gas evolution efficiency is zero for hydrogen in the anode and
oxygen in the cathode. The crossover flux through the diaphragm 𝑁𝑖cross is directed
from the cathode to the anode. The crossover flux is integrated over the geometric
area of the diaphragm 𝐴d. The crossover of species through the diaphragm is char-
acterized by an effective diffusion coefficient 𝐷eff𝑖,𝜃 over the thickness of the diaphragm.
Furthermore, the physisorption flux retains a positive sign when it is directed from the
gaseous to the liquid phase. This flux is integrated over the gas-liquid interface 𝐴𝑗GL
and is governed by a mass transfer coefficient 𝑘𝑗L,𝑖. As a result, the steady-state mass
balances for the liquid and gaseous phase in the electrolysis system are described by
equations (3.1)-(3.8).

Dissolved H2 in the anodic half-cell:

0 = �̇�anoL ⋅ (𝑐anoin,H2
− 𝑐anoout,H2

) + 𝑁anophys,H2
⋅ 𝐴anoGL + 𝑁cross,H2 ⋅ 𝐴d (3.1)

Dissolved O2 in the anodic half-cell:

0 = �̇�anoL ⋅ (𝑐anoin,O2
− 𝑐anoout,O2

)+𝑁anophys,O2
⋅𝐴anoGL +𝑁cross,O2 ⋅𝐴d+(1 − 𝑓G,O2) ⋅ �̇�anoR,O2

(3.2)

Gaseous H2 in the anodic half cell:

0 = �̇�anoG
𝑅 ⋅ 𝑇 ⋅ (𝑝

ano
in,H2

− 𝑝anoout,H2
) − 𝑁anophys,H2

⋅ 𝐴anoGL (3.3)

Gaseous O2 in the anodic half cell:

0 = �̇�anoG
𝑅 ⋅ 𝑇 ⋅ (𝑝

ano
in,O2

− 𝑝anoout,O2
) − 𝑁anophys,O2

⋅ 𝐴anoGL + 𝑓G,O2 ⋅ �̇�anoR,O2
(3.4)

Dissolved H2 in the cathodic half cell:

0 = �̇�catL ⋅ (𝑐catin,H2
− 𝑐catout,H2

)+𝑁cat
phys,H2

⋅ 𝐴catGL −𝑁cross,H2 ⋅ 𝐴d+(1 − 𝑓G,H2) ⋅ �̇�catR,H2
(3.5)

Dissolved O2 in the cathodic half cell:

0 = �̇�catL ⋅ (𝑐catin,O2
− 𝑐catout,O2

) + 𝑁catphys,O2
⋅ 𝐴catGL − 𝑁cross,O2 ⋅ 𝐴d (3.6)

Gaseous H2 in the cathodic half cell:

0 = �̇�catG
𝑅 ⋅ 𝑇 ⋅ (𝑝

cat
in,H2

− 𝑝catout,H2
) − 𝑁catphys,H2

⋅ 𝐴catGL + 𝑓G,H2 ⋅ �̇�catR,H2
(3.7)
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Gaseous O2 in the cathodic half cell:

0 = − �̇�
cat
G

𝑅 ⋅ 𝑇 ⋅ (𝑝
cat
in,O2

− 𝑝catout,O2
) − 𝑁catphys,O2

⋅ 𝐴catGL (3.8)

3.2.2. The general form of steady-statematerial balances in the gas
separators

As illustrated in Figure 3.3, the simplified alkaline water electrolysis plant consists of
two gas separators. Each gas separator is associated with its corresponding half-cell
𝑗. The mass balances for the gas separators are written by considering Figure 3.2.
Due to the effect of gas crossover, the two-phase stream that enters the gas separa-
tor consists of the primary product of the associated half-cell 𝑗, as well as the cross-
permeated product. Therefore, each gas separator is characterized by two mass bal-
ances for the liquid phase and two mass balances for the gaseous phase. In total,
the simplified electrolysis plant consists of eight material balances for the gas separa-
tors. The general form of the steady-state mass balance in the gas separators is the
following:

0 = ⎛

⎝

Mass flow
rate of
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into system

⎞

⎠

−⎛

⎝

Mass flow
rate of

component A
out of system

⎞

⎠

The units of each term in the dynamic material balances are inmol ⋅ s−1. The gas
separators can be modeled as CSTR ideal reactors. Because there is no chemical
reaction that takes place inside the gas separators, the reaction rate terms in the
generic form of the material balances are neglected. Furthermore, since the mass
balances are associated with the steady-state case the rate of accumulation of mass
in the system is equal to zero. The inflow of each gas separator is the outflow of its
corresponding half-cell 𝑗 (Figure 3.3). The gaseous inflow to the gas separator obeys
the ideal gas law. The liquid inflow to the gas separator is characterized by the outlet
dissolved concentration of the products in the bulk liquid electrolyte 𝑐𝑗out,𝑖. As a result,
the steady-state material balances will be the following:

Dissolved H2 in the anodic gas separator:

0 = �̇�anoL ⋅ (𝑐anoout,H2
− 𝑐sep,anoout,H2

) (3.9)

Dissolved O2 in the anodic gas separator:

0 = �̇�anoL ⋅ (𝑐anoout,O2
− 𝑐sep,anoout,O2

) (3.10)

Gaseous H2 in the anodic gas separator:

0 = �̇�anoG
𝑅 ⋅ 𝑇 ⋅ (𝑝

ano
out,H2

− 𝑝sep,anoout,H2
) (3.11)
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Gaseous O2 in the anodic gas separator:

0 = �̇�anoG
𝑅 ⋅ 𝑇 ⋅ (𝑝

ano
out,O2

− 𝑝sep,anoout,O2
) (3.12)

Dissolved H2 in the cathodic gas separator:

0 = �̇�catL ⋅ (𝑐catout,H2
− 𝑐sep,catout,H2

) (3.13)

Dissolved O2 in the cathodic gas separator:

0 = �̇�catL ⋅ (𝑐catout,O2
− 𝑐sep,catout,O2

) (3.14)

Gaseous H2 in the cathodic gas separator:

0 = �̇�catG
𝑅 ⋅ 𝑇 ⋅ (𝑝

cat
out,H2

− 𝑝sep,catout,H2
) (3.15)

Gaseous O2 in the cathodic gas separator:

0 = �̇�catG
𝑅 ⋅ 𝑇 ⋅ (𝑝

cat
out,O2

− 𝑝sep,catout,O2
) (3.16)

In order the liquid material balances that are described by equations (3.9)-(3.10)
and (3.13)-(3.14) to be valid, the outlet dissolved concentration of species 𝑖 in the
compartment 𝑗, 𝑐𝑗out,𝑖, must be equal to the separator’s outlet dissolved concentration
of species 𝑖, 𝑐sep,𝑗out,𝑖 .Therefore, for the steady-state liquid material balances in the gas
separators, it holds that:

𝑐sep,𝑗out,𝑖 = 𝑐
𝑗
out,𝑖 (3.17)

Similarly, in order the gaseous material balances that are described by equations
(3.11)-(3.12) and (3.15)-(3.16) to be valid, the outlet partial pressure of species 𝑖 in
the half cell 𝑗, 𝑝𝑗out,𝑖 needs to be equal to the separator’s outlet partial pressure of
species 𝑖 in the compartment 𝑗, 𝑝sep,𝑗out,𝑖 . Therefore, for the steady-state gaseous mate-
rial balances in the gas separators, it holds that:

𝑝sep,𝑗out,𝑖 = 𝑝
𝑗
out,𝑖 (3.18)

3.3. The general form of the dynamic material balances
In the following, the general form of the dynamic material balances for alkaline water
electrolysers are introduced. In the first subsection, the dynamic material balances for
the electrolysis cell are given. Similarly, in the next subsection, the dynamic material
balances for the gas separators are provided.
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3.3.1. The general form of dynamic material balances in the elec-
trolysis cell

As explained in Chapter 3.2.1, in total there are eight material balances. The same
also holds for the dynamic material balances. Therefore, the general form of the dy-
namic material balances for the electrolysis cell will be:
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The units of each term in the dynamic material balance are in mol ⋅ s−1. The

rate of depletion of mass in the material balance is neglected because it is assumed
that there are no recombination reactions. For the dynamic material balances the
rate of accumulation of mass is not neglected. The applied dynamic mass balance
for the electrolysis cell is based on Figure 3.1. The dynamic mass balances for the
electrolysis cell are described by equations (3.19)-(3.26).

Dissolved H2 in the anodic half-cell:

𝑑𝑁anoH2,liq
𝑑𝑡 = �̇�anoL ⋅ (𝑐anoin,H2

− 𝑐anoout,H2
) + 𝑁anophys,H2

⋅ 𝐴anoGL + 𝑁cross,H2 ⋅ 𝐴d (3.19)

Dissolved O2 in the anodic half-cell:

𝑑𝑁anoO2,liq
𝑑𝑡 = �̇�anoL ⋅ (𝑐anoin,O2

− 𝑐anoout,O2
)+𝑁ano

phys,O2
⋅𝐴anoGL +𝑁cross,O2 ⋅𝐴d+(1 − 𝑓G,O2) ⋅ �̇�anoR,O2

(3.20)

Gaseous H2 in the anodic half cell:

𝑑𝑁anoH2,gas
𝑑𝑡 = �̇�anoG

𝑅 ⋅ 𝑇 ⋅ (𝑝
ano
in,H2

− 𝑝anoout,H2
) − 𝑁anophys,H2

⋅ 𝐴anoGL (3.21)

Gaseous O2 in the anodic half cell:

𝑑𝑁anoO2,gas
𝑑𝑡 = �̇�anoG

𝑅 ⋅ 𝑇 ⋅ (𝑝
ano
in,O2

− 𝑝anoout,O2
) − 𝑁anophys,O2

⋅ 𝐴anoGL + 𝑓G,O2 ⋅ �̇�anoR,O2
(3.22)

Dissolved H2 in the cathodic half cell:

𝑑𝑁catH2,liq
𝑑𝑡 = �̇�catL ⋅ (𝑐catin,H2

− 𝑐catout,H2
)+𝑁catphys,H2

⋅ 𝐴catGL −𝑁cross,H2 ⋅ 𝐴d+(1 − 𝑓G,H2) ⋅ �̇�catR,H2

(3.23)

Dissolved O2 in the cathodic half cell:

𝑑𝑁catO2,liq
𝑑𝑡 = �̇�catL ⋅ (𝑐catin,O2

− 𝑐catout,O2
) + 𝑁catphys,O2

⋅ 𝐴catGL − 𝑁cross,O2 ⋅ 𝐴d (3.24)
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Gaseous H2 in the cathodic half cell:

𝑑𝑁catH2,gas
𝑑𝑡 = �̇�catG

𝑅 ⋅ 𝑇 ⋅ (𝑝
cat
in,H2

− 𝑝catout,H2
) − 𝑁catphys,H2

⋅ 𝐴catGL + 𝑓G,H2 ⋅ �̇�catR,H2
(3.25)

Gaseous O2 in the cathodic half cell:

𝑑𝑁catO2,gas
𝑑𝑡 = − �̇�

cat
G

𝑅 ⋅ 𝑇 ⋅ (𝑝
cat
in,O2

− 𝑝catout,O2
) − 𝑁catphys,O2

⋅ 𝐴catGL (3.26)

3.3.2. The general form of dynamic material balances in the gas
separators

As analysed in Chapter 3.2.2, in total, there are eight steady-state material balances
for the gas separators of the electrolysis plant. The same holds for the case of the
dynamic material balances of the gas separators. Therefore, the general form of the
dynamic material balances for the electrolysis cell will be:

⎛

⎝

Rate of
accumulation

of mass
in system

⎞

⎠

= ⎛

⎝

Mass flow
rate of

component A
into system

⎞

⎠

−⎛

⎝

Mass flow
rate of

component A
out of system

⎞

⎠

The units of each term in the dynamic material balances are in mol ⋅ s−1. The
gas separators can be modeled as CSTR ideal reactors. Because there is no chemi-
cal reaction that takes place inside the gas separators, the reaction rate terms in the
generic form of the material balances are neglected. For the dynamic material bal-
ances, the rate of accumulation of mass in the system is not neglected. The inflow
of each gas separator is the outflow of its corresponding half-cell 𝑗 (Figure 3.3). The
gaseous inflow to the gas separator obeys the ideal gas law. The liquid inflow to the
gas separator is characterized by the outlet dissolved concentration of the products
in the bulk liquid electrolyte 𝑐𝑗out,𝑖. As a result, the dynamic material balances will be
the following:

Dissolved H2 in the anodic gas separator:

𝑑𝑁ano,sepH2,liq
𝑑𝑡 = �̇�anoL ⋅ (𝑐anoout,H2

− 𝑐sep,anoout,H2
) (3.27)

Dissolved O2 in the anodic gas separator:

𝑑𝑁ano,sepO2,liq
𝑑𝑡 = �̇�anoL ⋅ (𝑐anoout,O2

− 𝑐sep,anoout,O2
) (3.28)

Gaseous H2 in the anodic gas separator:

𝑑𝑁ano,sepH2,gas
𝑑𝑡 = �̇�anoG

𝑅 ⋅ 𝑇 ⋅ (𝑝
ano
out,H2

− 𝑝sep,anoout,H2
) (3.29)
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Gaseous O2 in the anodic gas separator:

𝑑𝑁ano,sepO2,gas
𝑑𝑡 = �̇�anoG

𝑅 ⋅ 𝑇 ⋅ (𝑝
ano
out,O2

− 𝑝sep,anoout,O2
) (3.30)

Dissolved H2 in the cathodic gas separator:

𝑑𝑁cat,sepH2,liq
𝑑𝑡 = �̇�catL ⋅ (𝑐catout,H2

− 𝑐sep,catout,H2
) (3.31)

Dissolved O2 in the cathodic gas separator:

𝑑𝑁cat,sepO2,liq
𝑑𝑡 = �̇�catL ⋅ (𝑐catout,O2

− 𝑐sep,catout,O2
) (3.32)

Gaseous H2 in the cathodic gas separator:

𝑑𝑁cat,sepH2,gas
𝑑𝑡 = �̇�catG

𝑅 ⋅ 𝑇 ⋅ (𝑝
cat
out,H2

− 𝑝sep,catout,H2
) (3.33)

Gaseous O2 in the cathodic gas separator:

𝑑𝑁cat,sepO2,gas
𝑑𝑡 = �̇�catG

𝑅 ⋅ 𝑇 ⋅ (𝑝
cat
out,O2

− 𝑝sep,catout,O2
) (3.34)

3.4. Defining the unknown terms in the dynamic mass
balances

The mathematical expressions that define the material balances (3.1)-(3.8), (3.17)-
(3.18) and (3.19)-(3.34), contain numerous unknown terms. In order to solve the
equations, some physical parameters and boundary conditions need to be defined.

The aim of this section is the mathematical definition of the unknown terms in
the steady-state and dynamic mass balances. In the first subsection, the boundary
conditions will be given. Next, all the terms in the mass balances will be thoroughly
analyzed such that the system of equations becomes coupled. The unknown terms
will be expressed using empirical relations, or physically based models.

3.4.1. Boundary conditions
During the dynamic switching of electrolyte cycles process, the plant operates for a
specific time range in mixed-mode, and then it switches to the partly-separated mode
of operation. The boundary conditions have been implemented in a similar manner
to Haug et al. [34]. However, in the dynamic and steady-state mass balances of this
modeling approach, the boundary conditions are associated with the outflows of the
gas separators.

During the mixed-mode, both electrolyte cycles are mixed before re-entering the
electrolysis cell. Assuming that the liquid electrolyte is incompressible during both
modes of operation, the mixed liquid volumetric flow rate �̇�mix will be equal to:
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�̇�mix = �̇�anoL + �̇�catL (3.35)

The mixed liquid concentration of the dissolved species at the exit of the ideal mixer
will be equal to the inlet concentration in both half cells:

𝑐mix
𝑖 = 𝑐𝑗in,𝑖 (3.36)

Finally, the dissolved mixed concentration 𝑐mix
𝑖 can be found by applying a mass bal-

ance for the ideal mixer before the inlet of the electrolysis cell (see Figure 3.3) for each
species.

�̇�mix ⋅ 𝑐mix
H2

= �̇�anoL ⋅ 𝑐sep,anoout,H2
+ �̇�catL ⋅ 𝑐sep,catout,H2

(3.37)

�̇�mix ⋅ 𝑐mix
O2

= �̇�anoL ⋅ 𝑐sep,anoout,O2
+ �̇�catL ⋅ 𝑐sep,catout,O2

(3.38)

When the simplified alkaline water electrolysis plant switches to the partly-separated
mode, the liquid electrolyte stream that exits its gas separator re-enters its correspond-
ing half-cell without mixing with the stream from the opposite half-cell (see dashed
lines in Figure 3.3). As a result, since it is assumed that there is no additional mass
transfer in the interconnecting piping, the liquid concentration of the species at the
inlet of the half-cell 𝑐𝑗in,𝑖 will be equal to the liquid concentration of the species at the
exit of the gas separators 𝑐sep,𝑗out,𝑖 .

𝑐anoin,H2
= 𝑐sep,anoout,H2

(3.39)

𝑐catin,H2
= 𝑐sep,catout,H2

(3.40)

𝑐anoin,O2
= 𝑐sep,anoout,O2

(3.41)

𝑐catin,O2
= 𝑐sep,catout,O2

(3.42)

For the steady-state mode, the outlet dissolved concentration of species 𝑖 in the sep-
arator of the compartment 𝑗, 𝑐sep,𝑗out,𝑖 , in equations (3.37)-(3.42), will be substituted by
the outlet dissolved concentration in the electrolyte cell, 𝑐𝑗out,𝑖 due to equation (3.17).

In the present model, the distinction between mixed-mode and partly-separated
mode is made by applying the boundary conditions (3.37)-(3.38) and (3.39)-(3.42),
respectively. Therefore, the development of the dynamic switching of electrolyte cy-
cles model requires the changeover between these two sets of boundary conditions.

3.4.2. Pressure terms
In this subsection, the partial pressures 𝑝𝑗in,𝑖 and 𝑝

𝑗
out,𝑖 will be analyzed. Furthermore,

the total anodic or cathodic pressure exerted on the gaseous product in each half-cell
𝑝𝑗tot will be given in terms of known fluid dynamics relations. Based on the assumptions
and fluid dynamics definitions some of the terms can be neglected or simplified. For



44 3. The gas crossover model

the steady-state model, the partial pressures appear in the gaseous mass balances
(3.3)-(3.4) and (3.7)-(3.8). For the dynamic model, the partial pressures appear in the
gaseous mass balances (3.21)-(3.22) and (3.25)-(3.26).

The inlet partial pressures 𝑝𝑗in,𝑖 can be neglected. In Chapter 3.1.1, it was assumed
that no gaseous product can be recirculated throughout the system. Therefore it holds
that:

𝑝𝑗in,𝑖 = 0 (3.43)

In the work of Leroy et al. [54], hydrogen and oxygen species that are produced in
the vicinity of the electrode are “wet”. Therefore, the produced gases consist of water
vapor which is in equilibrium with the water from the liquid electrolyte solution. The
water vapor partial pressure 𝑝H2O which is in equilibrium with the electrolyte solution
can be calculated based on the work by Balej et al. [55], in Appendix A.1.

Considering the cross-permeated product, the total pressure exerted on the gaseous
product in each half cell is equal to:

𝑝anotot = 𝑝anoout,H2
+ 𝑝anoout,O2

+ 𝑝H2O (3.44)

𝑝cattot = 𝑝catout,H2
+ 𝑝catout,O2

+ 𝑝H2O (3.45)

2𝑅 = 𝑑𝑏
𝑗

Liquid phase, 𝑝𝑙

Gaseous Phase, 𝑝𝑔

𝑛𝑙→𝑔

Figure 3.4: Application of the Young-Laplace equation for the calculation of the surface tension in a
perfectly spherical bubble.

The definition of the total pressure exerted on the gaseous product in each half cell
from the equations (3.44)-(3.45), allows the connection of the outlet partial pressure
of the primary product with the outlet partial pressure of the cross-permeated prod-
uct. To define the total pressure 𝑝𝑗tot, the approach of Haug et al. [34] is followed.
More specifically, the connection of the gas separators with the atmosphere results



3.4. Defining the unknown terms in the dynamic mass balances 45

in the exertion of an absolute pressure 𝑝𝑗 on the liquid electrolyte which is equal to
the atmospheric pressure. During electrolysis, the gaseous product in the half-cell
builds up a pressure difference Δ𝑝𝑔→𝑙 with respect to the absolute pressure of the
liquid electrolyte, due to the effect of the surface tension. The pressure difference
Δ𝑝𝑔→𝑙 between the liquid and gaseous phase can be calculated by implementing the
Young-Laplace equation. The general expression for the Young-Laplace equation is
the following:

Δ𝑝𝑔→𝑙 ≡ 𝑝𝑙 − 𝑝𝑔 = 𝛾∇𝑠 ⋅ 𝑛𝑙→𝑔̲ = 𝛾 ( 1𝑅1
+ 1
𝑅2
)

Where 𝛾 is the surface tension of the liquid electrolyte in N m−1. In Figure 3.4, the
term 𝑛𝑙→𝑔̲ is the unit normal pointing towards the gaseous phase and 𝑅1,2 are the radii
of curvature. Since it is assumed that the bubbles are monodisperse and perfectly
spherical it holds that:

𝑅1 = 𝑅2 =
𝑑𝑗b
2

Where 𝑑𝑗b is the diameter of produced bubbles in m. Furthermore, from Figure 3.4 the
unit normal points towards the center of the bubble. Therefore, the divergence will be
negative. As a result, the pressure difference will be equal to:

Δ𝑝𝑔→𝑙 ≡ 𝑝𝑙 − 𝑝𝑔 = −𝛾
4
𝑑𝑗b

𝑝𝑔 = 𝑝𝑙 + 𝛾
4
𝑑𝑗b

For the alkaline water electrolysis, the term 𝑝𝑔 is the total pressure that is exerted on
the gaseous phase 𝑝𝑗tot. The term 𝑝𝑙 is the absolute pressure that is applied on the
liquid electrolyte 𝑝𝑗 due to the existence of pumps. Therefore it will be:

𝑝anotot = 𝑝ano + 𝛾
4
𝑑anob

(3.46)

𝑝cattot = 𝑝cat + 𝛾
4
𝑑catb

(3.47)

The bubble diameter, 𝑑𝑗b, is shown in Chapter 3.4.5.
Finally,the surface tension of the liquid electrolyte can be approximated as a func-

tion of the temperature and the mass fraction of KOH in the liquid electrolyte solution
from the work of Feldkamp [56], in Appendix A.2.

3.4.3. The accumulation terms
The left-hand side of every dynamic material balance (3.19)-(3.34) contains the ac-
cumulation terms 𝑑𝑁/𝑑𝑡. The focus of this subsection is their definition such that the
system of the ordinary differential equations becomes solvable. This subsection is not
applicable for the steady-state mass balances. In Figure 3.3, the liquid volumes in the
electrolysis cell and the gas separators contain the dissolved species 𝑁𝑗,sep𝑖,liq , 𝑁𝑗𝑖,liq in
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moles. The amount of species in the gaseous product for the electrolysis cell and the
gas separators is given by the quantities 𝑁𝑗,sep𝑖,gas , and 𝑁

𝑗
𝑖,gas in moles, respectively.

When the species dissolve in the liquid electrolyte, they instantly reach the outlet
dissolved concentration 𝑐𝑗out,𝑖 and 𝑐

sep,𝑗
out,𝑖 , due to the CSTR assumption. Taking advan-

tage of the fact that the units of the concentration are inmol ⋅m−3, the amount of the
dissolved species in the liquid electrolyte can be re-written:

𝑁𝑗𝑖,liq = 𝑐
𝑗
out,𝑖 ⋅ 𝑉

𝑗
liq (3.48)

𝑁𝑗,sep𝑖,liq = 𝑐sep,𝑗out,𝑖 ⋅ 𝑉
sep,𝑗
liq (3.49)

As analyzed in Chapter 3.1.3, the liquid volumes are steady with time. Therefore, the
only term that changes with time and remains in the derivative at the left-hand side of
the material balances will be the outlet dissolved concentration.

In the gaseous material balances, the amount of species in the gaseous product
in the electrolysis cell and the gas separators 𝑁𝑗𝑖,gas, 𝑁

𝑗,sep
𝑖,gas can be approximated by

the ideal gas law:

𝑁𝑗𝑖,gas =
𝑝𝑗out,𝑖 ⋅ 𝑉

𝑗
gas

𝑅 ⋅ 𝑇 (3.50)

𝑁𝑗,sep𝑖,gas =
𝑝sep,𝑗out,𝑖 ⋅ 𝑉

sep,𝑗
gas

𝑅 ⋅ 𝑇 (3.51)

Again, as analyzed in Chapter 3.1.3, the gaseous volumes are steady with time. The
temperature in the electrolysis cell and the gas separators is also constant with time.
Therefore, the only term that remains in the accumulation term will be the outlet partial
pressure 𝑝𝑗out,𝑖 or 𝑝

sep,𝑗
out,𝑖 .

Finally, the gaseous volumes in the electrolysis cell 𝑉𝑗gas are calculated in Chapter
3.4.5. Knowing the geometrical volume of the half cell 𝑉hcell, the liquid volumes in the
electrolysis cell can be calculated by using equation (3.52).

𝑉𝑗liq = 𝑉hcell − 𝑉
𝑗
gas (3.52)

For the gas separators, their geometrical volume 𝑉𝑗sep is also known. Furthermore, the
existence of a liquid level detector in the gas separator of XINTC, can help to monitor
the liquid volume inside the gas separator 𝑉sep,𝑗liq . Therefore, since the 𝑉sep,𝑗liq term is
always known, the gaseous volume in the gas separator can be calculated by using
equation (3.53).

𝑉sepgas = 𝑉𝑗sep − 𝑉sep,𝑗liq (3.53)

3.4.4. The gas evolution terms
As analyzed in Chapter 2.2.1, when alkaline electrolysis starts occurring, the whole
product is transferred to the electrode-electrolyte interface in dissolved form. The
reaction rate �̇�𝑗R,𝑖 obeys Faraday’s Law and is given by equation (3.54).
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�̇�𝑗R,𝑖 =
𝐽𝜈𝑖
𝑛𝐹 ⋅ 𝐴el (3.54)

Where 𝐴el, is the electrode area. The stoichiometric number 𝜈𝑖 will be 𝜈H2 = 1
for hydrogen which is produced in the cathode, and 𝜈O2 = 0.5 for oxygen which is
produced in the anode, when the charge transfer equals 𝑛 = 2 from reactions (2.1)
and (2.2).

When the product is transferred to the liquid electrolyte-electrode interface in dis-
solved form, the concentration boundary layer becomes supersaturated. In the liter-
ature [29], it has been reported that the supersaturation can be 80 times higher than
the equilibrium concentration. The existence of nucleation sites on the electrode sur-
face enforces heterogeneous nucleation to begin and product bubbles start forming
due to desorption of the supersaturated species in the concentration boundary layer.
Furthermore, the effect of micro-convection and macro-convection (Chapter 2.2.2)
can enhance the mass transfer of the dissolved species to the gaseous phase on the
electrode-electrolyte interface.

According to Vogt [29], the activation of the nucleation sites for the release of the
product in the gaseous phase strongly depends on the operating conditions of the
electrolyser, and more specifically on the current density. When the current density is
very low, the concentration of the dissolved species in the electrolyte-electrode inter-
face is very low and the nucleation sites are not activated. On the contrary, in higher
current densities the concentration of the dissolved species in the electrolyte-electrode
interface is increased such that the product obtains a high degree of supersaturation
and the nucleation sites on the electrode surface are activated.

In Chapter 2.2.4 the gas evolution efficiency 𝑓G,𝑖 was introduced. The gas evolu-
tion efficiency can quantify the formation of gas in the concentration boundary layer
due to the desorption of supersaturated species and the simultaneous action of the
subsequent mass transfer steps of micro-convection and macro-convection. Further-
more, the gas evolution efficiency must be a function of the current density. For the
present study, the gas evolution efficiency of hydrogen and oxygen is approximated
from the experimental steady-state impurities which are shown in Chapter 4.3. The
methodology followed to extract the gas evolution efficiencies is shown in Chapter
5.3.1. The hydrogen and oxygen gas evolution efficiencies are described by equation
(5.5) and (5.6), respectively.

𝑓G,H2 = 0.87554 ⋅ 𝐽0.04963

𝑓G,O2 = 0.84

Where 𝐽 is the applied current density and is given in kA m−2. The hydrogen and oxy-
gen gas evolution efficiencies are valid for the current density range 0.75 kA m−2 ≤
𝐽 ≤ 3kA m−2. Finally, for the oxygen gas evolution, it has to be noted that it is was not
possible to find a dependency on the current density. A similar trend for the oxygen
gas evolution efficiency can be found in the publication of Haug et al. [34].
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3.4.5. Mass transfer in the electrolyte bulk
After the initial gas evolution at the electrode-electrolyte interface, the dissolved species
leave the boundary layer, and they are transferred to the electrolyte bulk due to diffu-
sion and superimposed convection. The concentration of the dissolved species in the
electrolyte bulk is characterized by the quantity 𝑐𝑗out,𝑖 in the dynamic material balances.
This quantity is unknown and is calculated by solving the system of mass balances
for both the steady state and transient state. Depending on the species (hydrogen
or oxygen) and the operating conditions (current density, temperature, pressure, flow
rate, electrolyte concentration), the electrolyte bulk can be supersaturated.

In the steady-state mass balances (3.1)-(3.8), and the dynamic material balances
(3.19)-(3.26), the physisorption mass transfer flux 𝑁𝑗phys,𝑖 also appears. According
to Vogt [33], besides the gas evolution in the concentration boundary layer on the
electrode, additional gas evolution can take place in the electrolyte bulk due to the
supersaturation of the dissolved species. The 𝑁𝑗phys,𝑖 term, considers the additional
gas evolution in the electrolyte bulk. When the 𝑁𝑗phys,𝑖 term is negative, desorption
takes place, and there is a mass transfer from the supersaturated liquid electrolyte to
the gaseous bubbles which rise due to the buoyancy effect.

In general, the total mass transfer from the liquid to the gaseous phase Φ̇tot (in
mol/s) can be calculated as the superposition of diffusive and convectivemass transfer
mechanisms:

Φ̇tot = Φ̇conv + Φ̇diff

Because the solubility of hydrogen and oxygen in the electrolyte bulk is low, the con-
vective mass transfer mechanism can be neglected. As a result, the Φtot term will be
only due to diffusion. Furthermore, the Φ̇diff term can be modeled with the film theory
[35], as it was shown in Chapter 2.2.3. Therefore, to model the mass transfer in the
electrolyte bulk, equation (2.12) can be used:

𝑁𝑗phys,𝑖 = 𝑘
𝑗
L,𝑖 ⋅ (𝑐

∗,𝑗
𝑖 − 𝑐𝑗out,𝑖) (3.55)

Where, 𝑘𝑗L,𝑖 is the effective liquid mass transfer coefficient in m ⋅ s−1, and 𝑐∗,𝑗𝑖 is the
equilibrium concentration of species 𝑖, in the compartment 𝑗, in mol ⋅m−3. The goal
in the next paragraphs will be to deduce mathematical expressions for the gas-liquid
interface area 𝐴𝑗GL, the effective mass transfer coefficient 𝑘

𝑗
L,𝑖 and the equilibrium con-

centration 𝑐∗,𝑗𝑖 .
In Chapter 3.1.1, it was assumed that the bubbles are monodisperse and perfectly

spherical. As a result, the volume 𝑉𝑗b and the surface area 𝑆
𝑗
b of a single bubble will

be equal to:

𝑉𝑗b =
𝜋
6 ⋅ (𝑑

𝑗
b)
3

(3.56)

𝑆𝑗b = 𝜋 ⋅ (𝑑
𝑗
b)
2

(3.57)

To express mathematically the diameter of a single bubble the experimental investiga-
tions of Haug et al. [34] will be used. From the performed experiments, it was found
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out that the diameter of the single bubble in the cathodic and anodic compartment, in
m, can be approximated by:

𝑑catb = 593.84 ⋅ 10−6 ⋅ (1 + 0.2𝐽)−0.25 (3.58)

𝑑anob = 10−4 (3.59)

To approximate the overall gas-liquid interfacial area 𝐴𝑗GL, the total gas volume inside
the electrolysis cell 𝑉𝑗gas must be known. For this purpose, the methodology and ex-
perimental results of Haug et al. [34] are used. Since the geometrical volume of the
half cell 𝑉hcell is a known quantity, the total gas volume can be approximated by exper-
imentally defining the gas hold-up fraction at the outlet of the electrolysis cell 𝜀𝑗g,out. In
general, the liquid electrolyte that consists of concentrated potassium hydroxide has
very high conductivity. Due to the gas evolution, the conductivity of the concentrated
liquid electrolyte declines. Therefore, Haug et al. [34] performed conductivity mea-
surements to quantify the gas hold-up fraction at the outlet of the electrolysis cell. The
gas hold-up fraction at the outlet of the electrolysis cell 𝜀𝑗g,out is reported in Appendix
A.3.

However, the measurement of the conductivity at the exit of the electrolysis cell
results in a higher gas hold-up fraction since the gas bubbles tend to coalesce. Due
to the bubble coalescence, the total pressure at the exit of the electrolysis cell will be
smaller because of the Young-Laplace equation. More specifically, when the bubbles
coalesce, they will have a larger bubble diameter 𝑑𝑗b. As a result, the total pressure
𝑝𝑗tot on account of the relations (3.46) and (3.47) will be smaller at the exit of the
electrolysis cell. To correct the effect of higher gas hold-up fraction due to pressure
decrease, Haug et al. [34] propose the implementation of equation (3.60) for the
approximation of the total gas volume 𝑉𝑗gas in the electrolysis cell.

𝑉𝑗gas = 𝜀𝑗g,out ⋅ 𝑉𝑗b ⋅
𝑝𝑗

𝑝𝑗tot
(3.60)

Knowing the total gas volume in the electrolysis cell 𝑉𝑗gas inm3, the gas hold-up fraction
inside the electrolysis cell 𝜀𝑗g will be equal to:

𝜀𝑗g =
𝑉𝑗gas
𝑉hcell

(3.61)

Finally, the gas-liquid interface area can be calculated with the following relation:

𝐴𝑗GL =
𝑉𝑗gas
𝑉𝑗b

⋅ 𝑆𝑗b (3.62)

To calculate the mass transfer coefficient 𝑘𝑗L,𝑖, the empirical 𝑆ℎ correlations will be
implemented, as it was shown in Chapter 2.2.3. All the required empirical correlations
will be re-written to make them consistent with the notation used in this chapter.

The Reynolds number in compartment 𝑗, 𝑅𝑒𝑗 will be calculated by equation (3.63).
The literature data for the dynamic viscosity of liquid electrolyte 𝜇L is obtained from
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Ref. [34], and can be found in Appendix A.5. The density of the liquid electrolyte 𝜌L in
kg ⋅m−3 is calculated based on Ref. [57], as a function of the operating temperature
and weight concentration of KOH, and can be found in Appendix A.6.

𝑅𝑒𝑗 = 𝑢𝑗rs ⋅ 𝜌L ⋅ 𝑑𝑗b
𝜇L

(3.63)

The rising swarm velocity of the gas bubbles during gas evolution in compartment 𝑗,
𝑢𝑗rs, is calculated by equation (3.64).

𝑢𝑗rs = 𝑢𝑗r ⋅
1

1 + 𝜀𝑗g
(1−𝜀𝑗g)

2

⋅ 1 − 𝜀𝑗g
1 + 1.05

(1+0.0685
(𝜀𝑗g)

2 )

0.5

−0.5

(3.64)

Depending on the operating conditions, the 𝑅𝑒 number for the cathodic compartment
could not be less than 6. As a result, the rising velocity of a single bubble 𝑢𝑗r can be
calculated by equation (3.65).

𝑢𝑗r = 0.33𝑔0.76 (
𝜌L
𝜇L
)
0.52

(𝑑
𝑗
b
2 )

1.28

(3.65)

The 𝑆𝑐𝑖 number, of species 𝑖, can be calculated by equation (3.66).

𝑆𝑐𝑖 =
𝜇L
𝐷i,𝜃

(3.66)

The calculation of hydrogen and oxygen diffusivities in the liquid electrolyte required
for the 𝑆𝑐 number, are given by fitting the experimental diffusivities of Tham et al. [58].
The procedure followed to obtain the fitting equations is reported in Appendix A.4.
Finally, the 𝑆ℎ number is given by equation (3.67).

𝑆ℎ𝑗𝑖 =
𝑘𝑗L,𝑖 ⋅ 𝑑

𝑗
b

𝐷𝑖,𝜃
= 2 + 0.651 ⋅ (𝑅𝑒

𝑗 ⋅ 𝑆𝑐𝑖)
1.72

1 + (𝑅𝑒𝑗 ⋅ 𝑆𝑐𝑖)
1.22 (3.67)

The last term that needs to be modeled for the approximation of the mass transfer
at the electrolyte bulk is the liquid equilibrium concentration of the species at the gas-
liquid interface 𝑐∗,𝑗𝑖 . The calculation of the species’ equilibrium concentration can be
achieved with the implementation of the Setchenov relation. More specifically, the
Setchenov relation correlates the solubility of dissolved gas in the liquid electrolyte
𝑐∗,𝑗𝑖 with the KOH mass fraction 𝑤KOH.

log(
𝑐∗,𝑗𝑖,H2O

𝑐∗,𝑗𝑖
) = 𝐾S,𝑖 ⋅ 𝑤KOH (3.68)

where 𝑐∗𝑖,H2O is the solubility of dissolved species 𝑖 in pure water and 𝐾S,𝑖 denotes the
Setchenov constant of species 𝑖. The solubility of dissolved gas in pure water at the
gas-liquid interface is the equilibrium concentration. For inert gases like hydrogen and
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oxygen that obey the ideal gas law, it is assumed that the equilibrium concentrations
can be approximated with Henry’s law at low pressures. To estimate 𝑐∗𝑖,H2O, Henry’s
constant𝐻𝑖 is required and calculated with the correlation equation from Himmelblau’s
paper [59] in Appendix A.7. In general, Henry’s constant 𝐻𝑖 can have different types
of units [60]. In Himmelblau’s publication [59], the Henry’s constant 𝐻𝑖 is given in
atm units. The partial pressure 𝑝𝑗out,i is given in Pa units. Therefore, to formulate the
Henry’s Law constant in atm with water being the solvent, the Henry’s Law will be:

𝐻𝑖 =
𝑝𝑗out,i

101325𝑃𝑎

𝑐∗,𝑗𝑖,H2O ⋅
𝑀H2O

𝜌H2O

(3.69)

where 𝜌H2O is the density of pure water in kg m−3. The pure water density is provided
in Appendix A.9. The 𝑀H2O is the molar mass of water. Rearranging equation (3.69)
results in equation (3.70).

𝑐∗,𝑗𝑖,H2O =
𝜌H2O

𝑀H2O
⋅

𝑝𝑗out,i
𝐻𝑖 ⋅ 101325𝑃𝑎

(3.70)

For the solubility of hydrogen and oxygen in liquid electrolyte there are very few ex-
perimental data available in the literature. From the report of Walker [61], the most
interesting experimental data on solubility of hydrogen and oxygen in concentrated
KOH solutions are included in the publication of Jolly et al. (p.34 in [61]). These
data have been obtained experimentally by considering the publication of Knaster
and Apel’baum [62] and Geffcken [63]. In addition, they provide the solubility of hy-
drogen and oxygen for a range of temperatures and potassium hydroxide concentra-
tions. From the experimental results, the Setchenov constants can be extracted with
fittings and be used in the relation (3.68) to calculate the equilibrium concentration
of the species in the liquid electrolyte. The calculation of the Setchenov constants is
provided in Appendix A.8.

After the calculation of the Setchenov constant 𝐾S,𝑖, equation (3.70) can be substi-
tuted in equation (3.68) and equation (3.71) will be obtained. In equation (3.71), the
equilibrium concentration of the dissolved species in the electrolyte 𝑐∗,𝑗𝑖 is expressed
as a function of the species’ outlet partial pressure 𝑝𝑗out,𝑖.

𝑐∗,𝑗𝑖 =
𝜌H2O ⋅ 𝑝

𝑗
out,𝑖

𝑀H2O ⋅ 101325 ⋅ 𝐻𝑖 ⋅ 10𝐾S,𝑖⋅𝑤KOH
(3.71)

3.4.6. Mass transfer through the diaphragm
The mass transport through the diaphragm can be characterized by the well-known
Nernst-Planck equation in 1D.

𝑁cross,𝑖 = −𝐷eff𝑖
𝑑𝑐𝑖
𝑑𝑥 +

𝑧𝑖𝐹
𝑅𝑇 𝐷

eff
𝑖 𝑐𝑖 (𝑑Φ/𝑑𝑥) + 𝑐𝑖𝑈 (3.72)

where, 𝑑Φ/𝑑𝑥 denotes the gradient of the electric field, 𝑧𝑖 the charge on ion 𝑖, and
𝐷eff𝑖 the effective diffusivity of species 𝑖 through the diaphragm. In the Nernst-Planck
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equation, the first term describes the mass transfer due to diffusion, the second term
describes the mass transfer due to migration, and the third term describes the mass
transfer through the diaphragm due to convection. In addition to the previous mech-
anisms, a subcategory can be the mass transfer through the diaphragm due to differ-
ential pressure. This mass transfer mechanism can be described by Darcy’s law (see
Chapter 2.3.3).

AnodeCathode

Diaphragm

Figure 3.5: Crossover flux through the diaphragm. The positive sign convention for the crossover flux
𝑁cross,𝑖 is from the cathode to the anode. The concentration gradient through the diaphragm with

thickness 𝑑d, is linear.

According to the analysis that took place in Chapter 2.3.4, the effect of convectional
mass transfer which is described by the Nernst-Planck equation can be neglected,
since there is no bulk flow through the diaphragm. Furthermore, the effect of the mass
transfer due to differential pressure is negligible. Since the half cells are balanced
in terms of pressure, and operate in atmospheric pressure, the absolute pressure
difference can be neglected, and hence the mass transfer due to differential pressure.
Finally, the effect of migration does not seem to affect the purity of the produced gases
[20]. As a result, for the determination of the gas crossover through the diaphragm
only the effect of diffusion is considered.

𝑁cross,𝑖 = −𝐷eff𝑖
𝑑𝑐𝑖
𝑑𝑥 (3.73)

In Figure 3.5, the sign convention for the crossover flux through the diaphragm has
been assumed to be from the cathode to the anode. This is the case for hydrogen
since its concentration in the cathodic compartment is much higher than in the anodic.
The opposite holds true for oxygen. Furthermore, assuming that the concentration
gradient across the diaphragm is linear results in equation (3.75).

𝑁cross,𝑖 = −𝐷eff𝑖
𝑑𝑐𝑖
𝑑𝑥 = −𝐷

eff
𝑖
𝑐anoout,𝑖 − 𝑐catout,𝑖
𝑥final − 𝑥initial

(3.74)
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Rearranging equation (3.74) results in equation (3.75).

𝑁cross,𝑖 =
𝐷eff𝑖
𝑑d

⋅ (𝑐catout,𝑖 − 𝑐anoout,𝑖) (3.75)

Where 𝑑d is the thickness of the diaphragm in m. For electrochemical applications
[64], the effective diffusion coefficient𝐷eff𝑖 can be expressed as a function of themolec-
ular diffusion coefficient 𝐷𝑖,𝜃 and the MacMullin number 𝑁M, through equation (3.76).

𝐷eff𝑖 = 𝐷𝑖,𝜃
𝑁M

(3.76)

According to the literature [65, 66], the MacMullin number 𝑁M associates the bulk flow
properties with the actual mass transfer properties of the diaphragm. It is a dimen-
sionless number of the porosity 𝜀 and tortuosity 𝜏 of the porous media, and can be
experimentally defined by measuring the ionic resistance through the porous media,
if the conductivity of the electrolyte is known. For the steady-state and dynamic model,
the MacMullin number is given by equation (3.77).

𝑁M =
𝜏
𝜀 (3.77)

From the preceding analysis, it can be concluded that the effective diffusion coeffi-
cient strongly depends on the selection of the appropriate diaphragm. As a result,
the diaphragm type can affect the magnitude of the overall crossover flux of species i
𝑁cross,𝑖.

3.5. Model input and system solution
To solve the steady-state mass balances, as well as the dynamic mass balances,
equations (3.1)-(3.8) and (3.19) - (3.34) need to be manipulated and re-arranged in
accordance to the boundary conditions and the definition of unknown terms as de-
scribed in Chapter 3.4. In the following, the required model input are briefly described.
Next, the steady-state and dynamic material balances are provided in their final form.
The re-arrangements and manipulations are described in Appendix B and Appendix
C.

3.5.1. Input data
The properties of the liquid electrolyte and gaseous species which are described in
Chapter 3.4 and Appendix A depend on the operational conditions such as the system
pressure, temperature, current density and electrolyte mass fraction. In Table 3.1,the
input data are given for the case in which the temperature, pressure, current density
and electrolyte mass fraction are equal to 𝑇 = 313.15 K, 𝑝ano = 𝑝cat = 1 bar,
𝐽 = 0.75 kA m−2 and 𝑤KOH=0.35, respectively.

For the crossover through the diaphragm, the material properties must be imported
into the developed model. Overall, two diaphragms were used, namely the ”Zirfon
PERL UTP 500” and the ”Type A” diaphragm.

The “Zirfon PERL UTP 500” is a composite material that consists of Zirconium
oxide (zirconia) and polysulfone. The existence of polysulfone allows the diaphragm to
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Table 3.1: Calculated properties for 𝑇 = 313.15 K, 𝑝ano = 𝑝cat = 1 bar, 𝐽 = 0.75 kA m−2 and
𝑤KOH=0.35.

Property Value Units Reference

𝛾 0.08600 N m−1 (A.3)

𝑓G,H2 0.86 - (5.5)

𝑓G,O2 0.84 - (5.6)

𝑑catb 0.000169 m (3.58)

𝜀anog,out 0.11393 - (A.4)

𝜀catg,out 0.18656 - (A.4)

𝐷H2,𝜃=40 2.25124E-09 m2 s−1 (A.5)

𝐷O2,𝜃=40 6.71637E-10 m2 s−1 (A.6)

𝜇L 0.001641 Pa s (A.7)

𝜌L 1340.49425 kg m−3 (A.8)

𝜌H2O 992.2157 kg m−3 (A.15)

𝐻Η2 74913.35860 atm (A.9)

𝐻O2 53781.52404 atm (A.9)

𝐾S,Η2 3.04641 - (A.12)

𝐾S,Ο2 4.10274 - (A.14)

be highly flexible, while the zirconia gives good wettability and stiffness. The “Type A”
diaphragm is a polymer sheet that consists of polyethylene with hydrophilic treatment.
The hydrophilic treatment is required to hinder the cross-permeation of the gaseous
phase through the diaphragm. As a result, hydrogen or oxygen can crossover to the
opposite half-cell only while being dissolved in the liquid electrolyte. The porosity
and tortuosity of “Zirfon PERL UTP 500” are obtained from the technical datasheet
provided by AGFA [17], and the literature [34]. Similarly, for the “Type A” diaphragm,
the same properties are obtained from the technical datasheet provided by the vendor
and from empirical correlations which were found in the literature [67], and provided in
Appendix A.10. Overall, the porosity and tortuosity for both diaphragms are depicted
in Table 3.2.

Table 3.2: Porosity 𝜀, tortuosity 𝜏, and thickness 𝑑d of Zirfon and Type A diaphragms

Diaphragm 𝜀 % 𝜏 𝑑d (𝜇𝑚)
Zirfon PERL UTP 500 55 ± 10 3.14 500 ± 50
Type A 35 1.95 600 ± 100
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The properties which are provided in Table 3.1, and Table 3.2 are inserted in the
system of equations for the solution of the model. Considering the required operating
conditions, the current density can change with time. Therefore, the properties which
are a function of the current density will change accordingly. Besides the current
density, the rest of the operational parameters do not change with time and are given
as input in the model. The model input is the same for both the steady-state and the
dynamic model.

3.5.2. System solution of the steady-state model
In the following, the final form of the set of equations, as well as the unknown terms
that describe the model in terms of the gas crossover is presented. The steady-state
model is described by equations (3.78)-(3.83). The strategy followed to obtain these
equations is described in detail in Appendix B.

Dissolved H2 in the anodic half-cell:

0 = �̇�anoL ⋅ (𝑐anoin,H2
− 𝑐anoout,H2

) + 𝑁anophys,H2
⋅ 𝐴anoGL + 𝑁cross,H2 ⋅ 𝐴d (3.78)

Dissolved O2 in the anodic half-cell:

0 = �̇�anoL ⋅(𝑐anoin,O2
− 𝑐anoout,O2

)+𝑁ano
phys,O2

⋅𝐴anoGL +𝑁cross,O2 ⋅𝐴d+(1 − 𝑓G,O2)⋅�̇�anoR,O2
(3.79)

Gaseous O2 in the anodic half-cell:

0 = −�̇�
ano
G
𝑅 ⋅ 𝑇 ⋅ 𝑝

ano
out,O2

− 𝑁anophys,O2
⋅ 𝐴anoGL + 𝑓G,O2 ⋅ �̇�anoR,O2

(3.80)

Dissolved H2 in the cathodic half-cell:

0 = �̇�catL ⋅ (𝑐catin,H2
− 𝑐catout,H2

)+𝑁cat
phys,H2

⋅𝐴catGL−𝑁cross,H2 ⋅𝐴d+(1 − 𝑓G,H2) ⋅ �̇�catR,H2
(3.81)

Dissolved O2 in the cathodic half-cell:

0 = �̇�catL ⋅ (𝑐catin,O2
− 𝑐catout,O2

) + 𝑁catphys,O2
⋅ 𝐴catGL − 𝑁cross,O2 ⋅ 𝐴d (3.82)

Gaseous H2 in the cathodic half-cell:

0 = − �̇�
cat
G

𝑅 ⋅ 𝑇 ⋅ 𝑝
cat
out,H2

− 𝑁catphys,H2
⋅ 𝐴catGL + 𝑓G,H2 ⋅ �̇�catR,H2

(3.83)

In the steady-state model, the outlet partial pressures of species 𝑖, in the compart-
ment 𝑗, 𝑝𝑗out,𝑖, are expressed as functions of the solubility of species 𝑖 in the liquid
electrolyte of the compartment 𝑗, 𝑐∗,𝑗𝑖 . As a result, the partial pressures are not con-
sidered as unknown quantities in the steady-state model. The outlet partial pressures
for the steady-state model are described by equations (3.84)-(3.87). Their detailed
derivation is presented in Appendix B.1.

Outlet partial pressure of H2 in the anodic half-cell:

𝑝anoout,H2
=
𝑀H2O

𝜌H2O
⋅ 𝑐∗,anoH2

⋅ 101325𝑃𝑎 ⋅ 𝐻H2 ⋅ 10
𝐾H2 ⋅𝑤KOH (3.84)
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Outlet partial pressure of H2 in the cathodic half-cell:

𝑝catout,H2
=
𝑀H2O

𝜌H2O
⋅ 𝑐∗,catH2

⋅ 101325𝑃𝑎 ⋅ 𝐻H2 ⋅ 10
𝐾H2 ⋅𝑤KOH (3.85)

Outlet partial pressure of O2 in the anodic half-cell:

𝑝anoout,O2
= 𝑝anotot − 𝑝H2O −

𝑀H2O

𝜌H2O
⋅ 𝑐∗,anoH2

⋅ 101325𝑃𝑎 ⋅ 𝐻H2 ⋅ 10
𝐾H2 ⋅𝑤KOH (3.86)

Outlet partial pressure of O2 in the cathodic half-cell:

𝑝catout,O2
= 𝑝cattot − 𝑝H2O −

𝑀H2O

𝜌H2O
⋅ 𝑐∗,catH2

⋅ 101325𝑃𝑎 ⋅ 𝐻H2 ⋅ 10
𝐾H2 ⋅𝑤KOH (3.87)

Furthermore, the gaseous volumetric flow rates �̇�anoG , and �̇�catG are expressed as
functions of other variables by using equations (3.88)-(3.89). Their detailed derivation
is presented in Appendix B.2.

Outlet gaseous volumetric flow rate in the anodic half-cell:

�̇�anoG = − 𝑅 ⋅ 𝑇
𝑀H2O

𝜌H2O
⋅ 𝑐∗,anoH2

⋅ 101325𝑃𝑎 ⋅ 𝐻H2 ⋅ 10
𝐾H2 ⋅𝑤KOH

⋅ 𝑁anophys,H2
⋅ 𝐴anoGL (3.88)

Outlet gaseous volumetric flow rate in the cathodic half-cell:

�̇�catG = − 𝑅 ⋅ 𝑇
𝑝cattot − 𝑝H2O −

𝑀H2O

𝜌H2O
⋅ 𝑐∗,catH2

⋅ 101325𝑃𝑎 ⋅ 𝐻H2 ⋅ 10
𝐾H2 ⋅𝑤KOH

⋅ 𝑁catphys,O2
⋅ 𝐴catGL

(3.89)
To solve the system of equations for the steady-state model, it is chosen to re-

duce the number of unknown variables to the maximum possible. Steady-state sys-
tems of equations are solved by implementing optimization solvers from SciPy. More
specifically, the optimization solver that is selected for the steady-state model is the
Nelder-Mead solver. The Nelder-Mead solver utilizes simplex methods by calling the
scipy.optimize.minimize command [68]. To obtain the system solution, an objective
function is required. In the steady-state model, the objective function satisfies the min-
imum norm solution. Therefore, the system of equations (3.78)-(3.83) is expressed
as an array that satisfies equation (3.90).

min ||𝐴x− b|| (3.90)

Where the matrix 𝐴 contains the coefficients of the unknown quantities, the vector x
contains the unknown quantities, and the vector b contains the known quantities of
equations (3.78)-(3.83), which are expressed as the right-hand-side.

Furthermore, the solution requires a set of initial conditions. The ideal set of initial
conditions is chosen by trial and error. Overall, the larger the number of unknown
variables, the longer the system takes to be solved. Furthermore, it is more difficult
to select a set of initial conditions when the number of unknown variables is large.
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As a result, variables such as the partial pressures and the volumetric flow rates are
expressed as functions of the solubility of species in the liquid electrolyte and the outlet
dissolved concentration of the species in the liquid electrolyte.

In the steady-state model, there are 6 unknown terms. As a result, 𝐴 will be a
6-by-6 matrix, x will be a 6-by-1 vector, and b will be a 6-by-1 vector. The unknown
terms of the steady-state model are shown in Table 3.3.

Finally, the H2 in O2 impurity is obtained as the mole fraction of gaseous H2 without
taking into account water vapour. The same reasoning is followed for the O2 in H2 im-
purity. Due to equation (3.18), the outlet partial pressure of species 𝑖, in the separator
𝑗, is equal to the outlet partial pressure of the corresponding half cell 𝑗. As a result,
both impurities are calculated from equations (3.91), (3.92).

𝑦H2 =
𝑝anoout,H2

𝑝anoout,H2
+ 𝑝anoout,O2

(3.91)

𝑦O2 =
𝑝catout,O2

𝑝catout,H2
+ 𝑝catout,O2

(3.92)

Table 3.3: The unknown terms of the steady-state model

Unknown Quantity Symbol Unit

Dissolved Concentration of hydrogen in
the anodic compartment

𝑐anoout,H2
mol ⋅m−3

Dissolved Concentration of oxygen in
the anodic compartment

𝑐anoout,O2
mol ⋅m−3

Solubility of hydrogen in the liquid elec-
trolyte, in the anodic compartment

𝑐∗,anoH2
mol ⋅m−3

Solubility of hydrogen in the liquid elec-
trolyte, in the cathodic compartment

𝑐∗,catH2
mol ⋅m−3

Dissolved Concentration of hydrogen in
the cathodic compartment

𝑐catout,H2
mol ⋅m−3

Dissolved Concentration of oxygen in
the cathodic compartment

𝑐catout,O2
mol ⋅m−3

3.5.3. System solution of the dynamic model
In the following, the ordinary differential equations which describe the performance of
the alkaline water electrolyser, in terms of the gas crossover, are listed in their final
form. The strategy followed to obtain the final form of the dynamic material balances
is provided in Appendix C. The ordinary differential equations are provided in compact
form where necessary. The subscript 𝑖 denotes the gaseous species H2 or O2, and
the superscript 𝑗 denotes the anodic or cathodic compartment.
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Dissolved H2 in the anodic half-cell:

𝑑𝑐anoout,H2

𝑑𝑡 = 1
𝑉anoliq

⋅ [�̇�anoL ⋅ (𝑐anoin,H2
− 𝑐anoout,H2

) + 𝑁anophys,H2
⋅ 𝐴anoGL + 𝑁cross,H2 ⋅ 𝐴d] (3.93)

Dissolved O2 in the anodic half-cell:

𝑑𝑐anoout,O2

𝑑𝑡 = 1
𝑉anoliq

⋅ [�̇�anoL ⋅ (𝑐anoin,O2
− 𝑐anoout,O2

) + 𝑁anophys,O2
⋅ 𝐴anoGL

+𝑁cross,O2 ⋅ 𝐴d + (1 − 𝑓G,O2) ⋅ �̇�anoR,O2
] (3.94)

Gaseous H2 in the anodic half-cell:

𝑑𝑝anoout,H2

𝑑𝑡 = −�̇�
ano
G
𝑉anogas

⋅ 𝑝anoout,H2
− 𝑅 ⋅ 𝑇𝑉anogas

⋅ 𝑁anophys,H2
⋅ 𝐴anoGL (3.95)

Gaseous O2 in the anodic half-cell:

𝑑𝑝anoout,O2

𝑑𝑡 = −�̇�
ano
G
𝑉anogas

⋅ 𝑝anoout,O2
− 𝑅 ⋅ 𝑇𝑉anogas

⋅ (𝑁anophys,O2
⋅ 𝐴anoGL − 𝑓G,O2 ⋅ �̇�anoR,O2

) (3.96)

Dissolved H2 in the cathodic half-cell:

𝑑𝑐catout,H2

𝑑𝑡 = 1
𝑉catliq

⋅ [�̇�catL ⋅ (𝑐catin,H2
− 𝑐catout,H2

) + 𝑁catphys,H2
⋅ 𝐴catGL

−𝑁cross,H2 ⋅ 𝐴d + (1 − 𝑓G,H2) ⋅ �̇�catR,H2
] (3.97)

Dissolved O2 in the cathodic half-cell:

𝑑𝑐catout,O2

𝑑𝑡 = 1
𝑉catliq

⋅ [�̇�catL ⋅ (𝑐catin,O2
− 𝑐catout,O2

) + 𝑁catphys,O2
⋅ 𝐴catGL − 𝑁cross,O2 ⋅ 𝐴d] (3.98)

Gaseous H2 in the cathodic half-cell:

𝑑𝑝catout,H2

𝑑𝑡 = − �̇�
cat
G

𝑉catgas
⋅ 𝑝catout,H2

− 𝑅 ⋅ 𝑇𝑉catgas
⋅ (𝑁catphys,H2

⋅ 𝐴catGL − 𝑓G,H2 ⋅ �̇�catR,H2
) (3.99)

Gaseous O2 in the cathodic half-cell:

𝑑𝑝catout,O2

𝑑𝑡 = − �̇�
cat
G

𝑉catgas
⋅ 𝑝catout,O2

− 𝑅 ⋅ 𝑇𝑉catgas
⋅ 𝑁catphys,O2

⋅ 𝐴catGL (3.100)

Dissolved species 𝑖, in the gas separator of 𝑗 half-cell:

𝑑𝑐sep,𝑗out,𝑖
𝑑𝑡 = �̇�𝑗L

𝑉sep,𝑗liq

⋅ (𝑐𝑗out,𝑖 − 𝑐
sep,𝑗
out,𝑖 ) (3.101)
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Gaseous species 𝑖, in the gas separator of 𝑗 half-cell:

𝑑𝑝sep,𝑗out,𝑖
𝑑𝑡 = �̇�𝑗G

𝑉sep,𝑗gas
⋅ (𝑝𝑗out,𝑖 − 𝑝

sep,𝑗
out,𝑖 ) (3.102)

Where, the gaseous volumetric flow rate in the anodic and cathodic compartment �̇�anoG ,
�̇�catG are coupled with other variables using equations (3.103)-(3.104), inm3 s−1 units.

�̇�anoG = − 𝑅 ⋅ 𝑇
𝑝anotot − 𝑝H2O

⋅ (𝑁anophys,H2
⋅ 𝐴anoGL + 𝑁anophys,O2

⋅ 𝐴anoGL − 𝑓G,O2 ⋅ �̇�anoR,O2
) (3.103)

�̇�catG = − 𝑅 ⋅ 𝑇
𝑝cattot − 𝑝H2O

⋅ (𝑁catphys,H2
⋅ 𝐴catGL + 𝑁catphys,O2

⋅ 𝐴catGL − 𝑓G,H2 ⋅ �̇�catR,H2
) (3.104)

In total, equations (3.93)-(3.104) include 16 unknowns. The ensemble of the un-
known terms is depicted in Table 3.4. The ordinary differential equations are solved by
implementing the odeint function from the SciPy package [69]. The scipy.integrate.odeint
function is a numerical solver for first order ordinary differential equations which im-
plements LSODA from the FORTRAN library. The LSODA is a backward or forward
multistep method that automatically selects the solver and the timestep that is imple-
mented, depending on the stability of the problem. The solution requires the assign-
ment of initial conditions. The initial condition given to the set of ordinary differential
equations is the zero value at 𝑡 = 0 for every unknown term of Table 3.4. This typically
means that the the alkaline water electrolyser is inactive when it starts up. Finally, the
H2 in O2 impurity is obtained as the mole fraction of gaseous H2 without taking into
account water vapour. The same reasoning is followed for the O2 in H2 impurity. Both
impurities are calculated from equations (3.105), (3.106).

𝑦H2 =
𝑝sep,anoout,H2

𝑝sep,anoout,H2
+ 𝑝sep,anoout,O2

(3.105)

𝑦O2 =
𝑝sep,catout,O2

𝑝sep,catout,H2
+ 𝑝sep,catout,O2

(3.106)
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Table 3.4: The unknown terms of the system of ordinary differential equations

Unknown Quantity Symbol Unit

Dissolved Concentration of hydrogen in
the anodic compartment

𝑐anoout,H2
mol ⋅m−3

Dissolved Concentration of oxygen in
the anodic compartment

𝑐anoout,O2
mol ⋅m−3

Outlet partial pressure of hydrogen in
the anodic compartment

𝑝anoout,H2
Pa

Outlet partial pressure of oxygen in the
anodic compartment

𝑝anoout,O2
Pa

Dissolved Concentration of hydrogen in
the cathodic compartment

𝑐catout,H2
mol ⋅m−3

Dissolved Concentration of oxygen in
the cathodic compartment

𝑐catout,O2
mol ⋅m−3

Outlet partial pressure of hydrogen in
the cathodic compartment

𝑝catout,H2
Pa

Outlet partial pressure of oxygen in the
cathodic compartment

𝑝catout,O2
Pa

Dissolved Concentration of hydrogen in
the anodic gas separator

𝑐sep,anoout,H2
mol ⋅m−3

Dissolved Concentration of oxygen in
the anodic gas separator

𝑐sep,anoout,O2
mol ⋅m−3

Outlet partial pressure of hydrogen in
the anodic gas separator

𝑝sep,anoout,H2
Pa

Outlet partial pressure of oxygen in the
anodic gas separator

𝑝sep,anoout,O2
Pa

Dissolved Concentration of hydrogen in
the cathodic gas separator

𝑐sep,catout,H2
mol ⋅m−3

Dissolved Concentration of oxygen in
the cathodic gas separator

𝑐sep,catout,O2
mol ⋅m−3

Outlet partial pressure of hydrogen in
the cathodic gas separator

𝑝sep,catout,H2
Pa

Outlet partial pressure of oxygen in the
cathodic gas separator

𝑝sep,catout,O2
Pa



4
Gas crossover experiments

In this chapter, the experiments of gas crossover are presented. In the first section,
the experimental setup will be briefly described. Next, the operating conditions for
both the steady-state and dynamic switching of electrolyte cycles experiments will
be shown. Finally, the experimental gas crossover results will be presented for both
cases.

4.1. Description of the experimental setup
In Figure 4.1, the experimental setup of XINTC is shown. The main components of the
alkaline water electrolysis setup include the electrolysis single cell, the gas separators,
the gas chromatograph, the main pumps, and the valves. For the accomplishment of
the experiments, a single cell is chosen instead of a stack. Since the availability of the
literature data for gas crossover in alkaline water electrolysers is limited to the single
cell setup, it is believed that the demonstration of the experiment and the model in
similar conditions is more appropriate for comparison and validation.

The single cell consists of the electrodes in the anode and cathode. Each elec-
trode has an area 𝐴el of 51x145mm2. The dimensions of each half-cell are (LxWxH)
15x5x0.38 cm3. For the experiments, the ”Type A” diaphragm was used. Its prop-
erties are shown in Table 3.2. The ”Type A” diaphragm has an area 𝐴d of 61x145
mm2. The anodic gas separator is cylindrical and has a volume of 16 L. Similarly,
the cathodic gas separator has a volume of 32 L. Furthermore, they include a liquid
level detector to measure the level of the liquid electrolyte during operation. The liq-
uid level of the gas separators during the operation is approximately 42% of the total
volume of the gas separators. The produced gases are manually collected from the
exit of the electrolysis cell. The sampling point is located at the exit of the electrolysis
cell to accelerate the response of the system, and reach the steady-state impurities
faster. Next, they are imported for purity analysis in the gas chromatograph. In such
a way, it is possible to determine the impurity of the produced gases. The pumps are
located before the entrance of the electrolysis cell. The pumps are required to regu-
late the flow of the liquid electrolyte in the electrolysis cell. The distinction between
the mixed-mode and the partly separated mode takes place with the installation of two
3-way valves (Valve 1.1 and Valve 2.1). These valves are actuated simultaneously,
and their normally open position (denoted as NO) can be seen in Figure 4.1. During
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Figure 4.1: The experimental setup of XINTC. The gas impurity measurements take place at the exit
of the electrolysis cell, before the gas separators. The changeover from the mixed to the

partly-separated mode occurs with the use of two 3-way valves, which are synchronized . In their
normally open position (NO), the plant operates in mixed mode. In their normally closed position, the

plant operates in partly-separated mode.

their normally open position, the anolyte and catholyte are directed to the mixer and
the mixed-mode operation takes place. When they switch to their normally closed
position, the catholyte bypasses the mixer. As a result, the electrolysis plant operates
in a partly-separated mode. The design characteristics of the electrolysis plant in the
experimental setup are summarized in Table 4.1.

4.2. Operating conditions
In the following, the operating conditions for conducting the steady-state and dynamic
switching of electrolyte cycles experiments, are presented. The measured impurities
from the steady-state experiment will be imported in the steady-state model to ap-
proximate the gas evolution efficiency. The measured impurities from the dynamic
switching of electrolyte cycles are required to model this alternative process. Both of
these models will be presented in Chapter 5.
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Table 4.1: Design characteristics of the experimental electrolysis setup.

Property Symbol Value Units

Electrode area 𝐴el 51x145 mm2

Diaphragm area 𝐴d 61x145 mm2

Diaphragm thickness 𝑑d 600 𝜇𝑚
Half-cell volume 𝑉hcell 15x5x0.38 cm3

Anodic gas separator volume 𝑉anosep 16 L

Cathodic gas separator volume 𝑉catsep 32 L

4.2.1. Steady-state experiment
The steady-state experiments are conducted in a mixed-mode operation. Therefore,
the 3-way valves in the experimental setup (see Figure 4.1) are always in their normally
open position. The experimental setup is filled in with liquid electrolyte containing 35
wt% KOH. Before the initiation of the impurity measurements, the setup must have
a uniform temperature in the electrolysis cell and the auxiliary equipment. For this
reason, during the startup conditions, the liquid electrolyte is heated up to the desired
operating temperature. At the same time, DC power is supplied to the electrolysis
cell. The gaseous product starts being produced in the anode and cathode leaving the
electrolysis cell with the liquid electrolyte. After approximately two hours, the impurity
measurements start.

The measurements take place at a temperature of 𝑇 = 40∘C. The system operates
in atmospheric pressure and with a flow rate of �̇�L = 150 ml min−1. Due to the very
low value, the flow meter indicates that the volumetric flow rate fluctuates between
0 ml min−1 ≤ �̇�L ≤ 150ml min−1. Therefore, it is assumed that the actual flow rate
is the average, �̇�L = 75 ml min−1. During the experiment, the current density is
changed between 0.75-3 kA m−2. The produced gas with the liquid electrolyte that
contains the dissolved species leave the electrolysis cell and they are directed to the
gas separators as a bubbly flow. The gaseous bubbles tend to coalesce in the inter-
connecting piping and the gas separators. Due to the density difference between the
produced gas and the liquid electrolyte, the produced gas leaves the gas separators
from the upper part. The liquid electrolyte with the dissolved species leave the gas
separators from its lower part. The anolyte and catholyte with the dissolved species
are directed to the mixer because the 3-way valves are in the normally open position.
As a result, they are continuously being mixed and re-directed to the electrolysis cell.

During the steady-state experiments, the current density is changed between 0.75-
3 kA m−2. As a result, the gas evolution and hence the impurity of the gaseous prod-
uct will also change. For the steady-state experiments, the gaseous samples are
collected manually at the exit of the single cell 30 mins after the application of the
existing current density. The gaseous samples are imported into the gas chromato-
graph, where they are analyzed in terms of their purity and measured in vol% units.
The impurity measured in the anodic compartment denotes the anodic hydrogen con-
tent (AHC). The impurity measured in the cathodic compartment denotes the cathodic
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oxygen content (COC). For the existing current density, five consecutive measure-
ments are executed to ensure that the impurity has reached its steady state. After the
five consecutive measurements are completed, the current density is changed, and
the same procedure is repeated. From the steady-state experiments, both the anodic
hydrogen content and the cathodic oxygen content are experimentally defined. The
operating conditions for the steady-state experiments are listed in Table 4.2.

Table 4.2: Operating conditions during the steady-state experiments.

Variable Symbol Value Units

Liquid flow rate �̇�L 75 mL min−1

KOH mass fraction 𝑤KOH 35 wt%
Operating temperature 𝑇 313.15 K

Operating pressure in the compartment j 𝑝𝑗 101325 Pa

Current density 𝐽 0.75-3 kA m−2

4.2.2. The dynamic switching of electrolyte cycles
The dynamic switching of electrolyte cycles is conducted by changing the lye circu-
lation from the mixed mode to the partly separated and the opposite, as a function
of time. When the 3-way valves are normally open, the alkaline water electrolyser
operates in mixed mode. The normally open position of the 3-way valves results in
the mixing of the catholyte with the anolyte. When the 3-way valves close (see Figure
4.1), the alkaline water electrolyser operates in a partly-separated mode. It is a partly
separated mode of operation because the anolyte and catholyte do not mix before the
pumps. Due to the closed position of the valves, the catholyte bypasses the mixer.
At the same time, the anolyte continues entering the mixer, but due to the closed po-
sition of valves 1.1 and 2.1, it cannot be mixed with the catholyte. To successfully
perform the dynamic switching of electrolyte cycles, the experimental setup operates
for a specific time in a mixed mode, and then it switches to a partly separated mode.
The switching time from one mode to another remains constant during the execution
of the experiment.

In the beginning, the experimental setup is manually filled in with liquid electrolyte
with a mass fraction of 35 wt% KOH. During the start-up of the alkaline water elec-
trolyser, the 3-way valves are opened. As a result, the electrolysis is conducted in
a mixed mode. Next, DC power is supplied to the electrolysis cell, and the gaseous
product starts forming in the anode and the cathode. The supplied power is set to a
current density of 𝐽 = 0.75 kA m−2. For the dynamic switching of electrolyte cycles,
the current density remains steady during the experiment. As soon as the tempera-
ture becomes uniform in the electrolysis cell and the auxiliary equipment, the impurity
measurements can start.

The measurements are conducted at a temperature of T=40∘C. The electrolysis
takes place at atmospheric pressure. The average flow rate is equal to 75 mL min-1.
During the start-up period, while the electrolyser operates in mixed mode, some con-
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secutive impurity measurements are conducted to verify whether the electrolyser has
reached its steady state in terms of the anodic hydrogen content. For the dynamic
switching of electrolyte cycles, there is interest only in the anodic hydrogen content
because the H2 in O2 is always greater than the O2 in H2. When the impurity measure-
ments converge to the steady-state value, the dynamic switching begins. The 3-way
valves change to their closed position and the catholyte does not mix with the anolyte.
The changeover from the mixed mode to the partly separated mode lasts for 30 min.
During the 30 mins of the partly separated mode, 3 measurements are executed to
quantify the anodic hydrogen content. The gaseous samples are manually collected
every 10 min at the exit of the single cell and are fed into the gas chromatograph.
After 30 mins, the 3-way valves are placed again in the normally open position. As
a result, the anolyte and catholyte are continuously mixed. Again, the gaseous sam-
ples to quantify the anodic hydrogen content are collected manually every 10 mins.
After 30 mins of mixed mode, the 3-way valves switch to the closed position, and the
same procedure is repeated. The continuous changeover from the mixed mode to the
partly separated mode, every 30 mins, lasts for 2 hours. The operating conditions of
the dynamic switching of electrolyte cycles are listed in Table 4.3.

Table 4.3: Operating conditions during the dynamic switching of the electrolyte cycles.

Variable Symbol Value Units

KOH mass fraction 𝑤KOH 35 wt%
Liquid flow rate �̇�L 75 mL min−1

Operating temperature 𝑇 313.15 K

Operating pressure in the compartment j 𝑝𝑗 101325 Pa

Current density 𝐽 0.75 kA m−2

Liquid volume fraction in the 𝑗 gas separator ℎsep,𝑗liq 42 %

Switching time 𝑡switch 30 min

Total time of the experiment 𝑡tot 2 h

4.3. Results of the steady-state experiment
In Figure 4.2, the anodic hydrogen content and the cathodic oxygen content are de-
picted for the operating conditions which are shown in Table 4.2. The experimental
results are also listed in Table 4.4.

First of all, it can be experimentally verified that the anodic hydrogen content is
always larger than the cathodic oxygen content. This observation can be justified be-
cause of the higher production rate of hydrogen in the cathode than the production
rate of oxygen in the anode. Furthermore, in the experimental operating conditions,
the solubility and diffusivity of hydrogen in the liquid electrolyte is higher than the sol-
ubility and diffusivity of oxygen in the KOH solution. Due to the higher production
rate, solubility and diffusivity, more hydrogen will be dissolved in the liquid electrolyte
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Figure 4.2: The experimental steady-state impurity as a function of the current density. The gaseous
samples are collected at the exit of the single cell.

Table 4.4: Steady-state experimental impurity as a function of the current density

𝐽 (kA m−2) H2 in O2 (vol%) Ο2 in Η2 (vol%)

0.75 0.724 ±0.029 0.250 ±0.015

1 0.557 ±0.074 0.256 ±0.011

1.5 0.404 ±0.029 0.210 ±0.010

2 0.290 ±0.014 0.154 ±0.015

3 0.186 ±0.005 -

and cross permeate through the diaphragm or by electrolyte mixing. As a result, the
anodic hydrogen content will always be higher than the cathodic oxygen content.

Furthermore, both impurities decrease as the current density increases. In the
lower current densities, the production rate is low, and hence there is no high con-
centration gradient between the boundary layer of the electrode and the electrolyte
bulk. The supersaturation in the concentration boundary layer is reduced in the lower
current densities and nucleation, growth and detachment of the gaseous bubbles is
challenging. Consequently, more product remains dissolved in the electrolyte bulk
and can outgas from the opposite half-cell, and hence result in higher impurity.

On the other hand, when the current density is large, the generation of product
in the concentration boundary layer increases. Due to the higher production rate,
the concentration gradient between the boundary layer of the electrode and the elec-
trolyte bulk becomes higher. Therefore, the higher supersaturation can result in higher
amounts of gaseous product, and hence less dissolved species remain in the system.

From the experimental results it can be observed that the measurements of H2 in
O2 which took place in the lower current densities, 0.5 kA m−2 ≤ 𝐽 ≤ 1.5 kA m−2,
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present more deviation than the measurements in the higher current densities. Ac-
cording to Haug et al. [40], the transition time to the steady-state value strongly de-
pends on the gaseous volume in the system. When the total gaseous volume of the
products is low, the system needs more time to reach its steady-state impurity. In low
current densities, due to the lower supersaturation, the production rate is low as will the
gaseous volume in the system. In addition, the impurity samples were manually col-
lected and may have increased the inaccuracy of the measurements. Consequently,
the large standard deviation of the H2 in O2 impurities, in the low current density range,
can be attributed to the inconsistency of the measurements, as well as the fact that the
system did not reach its steady-state values when the measurements were received.

Finally, it is found that the value of the anodic hydrogen content depends on the
location where the gas sample is taken from the experimental setup. During the ex-
periments, the gaseous samples are collected at the exit of the electrolysis cell and
not at the exit of the gas separators. As a result, the additional mass transfer that
takes place inside the separator tank is not taken into consideration from the the ex-
perimental measurements.

4.4. Results of the dynamic switching experiment
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Figure 4.3: The experimental dynamic switching of the electrolyte cycles. The anodic hydrogen
content as a function of time (black squares). The average anodic hydrogen content is shown with a

red dashed line. The gaseous samples are collected at the exit of the single cell.

In Figure, 4.3, the experimental results of the dynamic switching of electrolyte cy-
cles are shown. On the vertical axis of the graph, the experimental H2 in O2 is depicted,
in vol%. In the horizontal axis, the time can be seen in h. Before the experiment be-
gins, the valves are positioned to their normally open position and the system operates
in the mixed mode. Therefore, the first measurement at 𝑡 = 0 h corresponds to the
steady-state value when the system operates in mixed mode.

At 𝑡 = 0 h, the valves are positioned to their normally closed position, and the
system switches to the partly-separatedmode for 30min. Since, the valves are closed,
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the catholyte does not mix with the anolyte. The absence of mixing leads to gas
crossover only due to diffusion through the diaphragm. According to Trinke et al. [41],
the gas crossover due to electrolyte mixing can be responsible for up to 90% of the
total crossover. Therefore, when the valves close, and the system operates in partly-
separatedmode, the H2 in O2 impurity reduces because the share of the gas crossover
due to diffusion through the diaphragm is considerably smaller than the gas crossover
due to electrolyte mixing. In the experimental results, the H2 in O2 impurity gradually
decreases when the system operates in the partly separated mode at 0 h < 𝑡 ≤ 0.5 h
and 1 h < 𝑡 ≤ 1.5 h. As a result, the experimental observations can be validated from
the literature.

At 𝑡 = 0.5 h, the valves are positioned to their normally open position and the sys-
tem switches to the mixed mode for 30 min. In the mixed mode, the catholyte is being
continuously mixed with the anolyte, and the dissolved hydrogen species in the liquid
electrolyte will eventually be in the anodic compartment due to electrolyte mixing. At
the same time, the gas crossover due to the diffusion of the dissolved species through
the diaphragm is also active. Since the share of the gas crossover due to electrolyte
mixing is significantly larger than the gas crossover due to the diffusion through the
diaphragm, the H2 in O2 impurity will be increased. Furthermore, the final measure-
ment of the anodic hydrogen content every time the system operates in mixed mode,
shows that its value is always smaller than the steady-state impurity. This means that
with the dynamic switching, we managed to keep the anodic hydrogen content lower
compared to the corresponding state-state value. From the experimental results, at
0.5 h < 𝑡 ≤ 1 h and 1.5 h < 𝑡 ≤ 2 h, the increase of the anodic hydrogen content
due to electrolyte mixing can be clearly observed.

The H2 in O2 impurity in the dynamic switching of electrolyte cycles attains a sinu-
soidal trend which is similar to the trend observed by Haug et al. [40]. This behavior
can be attributed to the continuous switching of the active electrolyte cycles. The tra-
ditional operation of the alkaline water electrolysers relies on the mixed mode. The
continuous switching of the electrolyte cycles from the mixed to the partly-separated
mode allows the reduction of the impurity when the system operates in the partly-
separated mode, and the increase of the impurity when it operates in mixed mode. As
a result, an average anodic hydrogen content is obtained. The average H2 in O2 im-
purity is shown in Figure 4.3 with a red dashed line, and is equal to 𝑦avgH2

= 0.445 vol%.
This results verifies that the operation of the system with the dynamic switching results
in less anodic hydrogen content than the mixed mode operation (𝑦H2 = 0.724 vol%).

Finally, in Figure 4.3, it can be observed that the activation of the mixed mode,
during the dynamic switching of electrolyte cycles, results in a steep increase of the
anodic hydrogen content. The sharp increase of the H2 in O2 impurity can be attributed
to the fact that the measurements are collected at the exit of the electrolysis cell. As
a result, the total liquid and gaseous volume is small, and the impurity takes little time
to reach equilibrium. Furthermore, the fact that the measurements are presented as
a function of time does not allow the acquisition of multiple samples to calculate an
average value and the error bars for the same point. Ideally, themeasurements should
be performed in shorter periods of time. However, the experimental setup allows the
collection of the samples, and their analysis in the gas chromatograph, every 10 min.
Overall, the experimental results are also listed in Table 4.5.



4.4. Results of the dynamic switching experiment 69

Table 4.5: The experimental dynamic switching of the electrolyte cycles. The anodic hydrogen
content as a function of time. The gaseous samples are collected at the exit of the single cell.

Time (h) H2 in O2 (vol%) Time (h) H2 in O2 (vol%)

0 0.73 1.17 0.27

0.17 0.34 1.33 0.16

0.33 0.18 1.5 0.15

0.5 0.16 1.67 0.64

0.67 0.62 1.83 0.61

0.83 0.63 2 0.65

1 0.65





5
Modeling results

In this chapter, the modeling results are presented. In the first section, the validity of
the models is tested with literature data. Next, the results of the model are shown for
the setup of XINTC in comparison with the experimental results that were presented
in Chapter 4. Finally, a sensitivity analysis is conducted to test the robustness of the
model.

5.1. Validation of the steady-state model
The validity of the steady-state model is tested for the experimental results found by
Haug et al. [40]. The design characteristics of the electrolysis cell are presented in
Table 5.1.

Table 5.1: Design characteristics of the experimental electrolysis setup of Haug et al.[40].

Property Symbol Value Units

Electrode area 𝐴el 150 cm2

Diaphragm area 𝐴d 232 cm2

Diaphragm thickness 𝑑d 500 𝜇m
Half-cell volume 𝑉hcell 0.16x0.015x0.145 m3

Gas volume in the half-cell
and the gas separator 𝑗 𝑉tot,𝑗gas 1.6 L

Liquid volume in the half-cell
and the gas separator 𝑗 𝑉tot,𝑗liq 1.9 L

In Ref. [40], it is reported that the total liquid volume in each gas separator 𝑗 equals
𝑉sep,𝑗liq = 1.2 L. The liquid and gaseous volumes in the half-cell can be calculated from
equations (3.52) and (3.60). The total gas and liquid volumes in the half-cell 𝑗 including
its associated gas separator, 𝑉tot,𝑗gas , and 𝑉tot,𝑗liq are given by equations (5.1)-(5.2). Since
the gaseous volume in the half-cell can be calculated, the implementation of equation

71
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(5.1) results in the gaseous volume of the products in the gas separator 𝑗, 𝑉sep,𝑗gas .

𝑉tot,𝑗gas =𝑉sep,𝑗gas + 𝑉𝑗gas (5.1)

𝑉tot,𝑗liq =𝑉sep,𝑗liq + 𝑉𝑗liq (5.2)

The operating conditions which were implemented in the model are listed in Table
5.2. The experimental setup operates in mixed mode. Therefore, the mixed mode
boundary conditions, which are given by equations (3.35)-(3.38), are applied in the
steady-state model. Furthermore, the diaphragm used in the experiments of Haug et
al. [40], is the Zirfon. The properties of the Zirfon diaphragm are shown in Table 3.2.

Table 5.2: Operating conditions during the steady-state experiments of Haug et al.[40].

Variable Symbol Value Units

KOH mass fraction 𝑤KOH 31.2 wt%
Liquid flow rate �̇�L 0.33 L min−1

Operating temperature 𝑇 80 ∘C

Operating pressure in the compartment j 𝑝𝑗 101325 Pa

Current density 𝐽 0.5 - 4 kA m−2

The hydrogen gas evolution efficiency is given as a function of the current density,
and the oxygen gas evolution efficiency is given as constant. Both gas evolution effi-
ciencies are described by equations (5.3)-(5.4).

𝑓G,H2 =0.25744 ⋅ 𝐽0.14134 (5.3)
𝑓G,O2 =1 (5.4)

Where the current density 𝐽 is given in A m−2.The implementation of the steady-state
material balances that were described in Chapter 3 result in Figure 5.1.

In Figure 5.1, the vertical axis contains the gas impurity in vol%, and the horizon-
tal axis shows the current density in kA m−2. The experimental values of the anodic
hydrogen content (green triangles) are provided for current densities ranging from
0.5-4 kA m−2. Similarly, the experimental values of the cathodic oxygen content (red
circles) are provided for current densities ranging from 0.5-1.5 kA m−2. The exper-
imental anodic hydrogen content ranges from 1.090-0.146 vol%. The experimental
cathodic oxygen content ranges from 0.290-0.063 vol%. The increase of the current
density results in the reduction of the impurity.

In Figure 5.1, the modeled anodic hydrogen content is represented by the green
dashed line. Similarly, the modeled cathodic oxygen content is shown with the red
dashed line. For current densities below 0.5 kA m−2 the anodic hydrogen content
can exceed the threshold of 2 vol%, and the cathodic oxygen content is below 1.5
vol%. The increase of the current density results in the decline of the impurities for
both models. Furthermore, the anodic hydrogen content is always larger than the
cathodic oxygen content. This trend is due to the higher production rate of hydrogen
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Figure 5.1: Validation of the steady-state model with the experimental results of Haug et al.[40].

with respect to oxygen. Since more hydrogen than oxygen is produced, the electrolyte
bulk contains more dissolved hydrogen than oxygen species and hence the anodic
hydrogen is larger than the cathodic oxygen content. Consequently, it is valid to say
that the developed steady-state model comes in agreement with the experimental
results and is almost identical with the model developed by Haug et al. [34].

5.2. Validation of the dynamic model
The validity of the model that describes the dynamic switching of electrolyte cycles is
tested for the experimental results which are published by Haug et al.[40]. The design
characteristics of the electrolysis cell are given in Table 5.1. The operating conditions
during the experimental dynamic switching of electrolyte cycles are listed in Table 5.3.

Table 5.3: Operating conditions during the experimental dynamic switching of electrolyte cycles [40].

Variable Symbol Value Units

KOH mass fraction 𝑤KOH 31.2 wt%
Liquid flow rate �̇�L 0.33 L min−1

Operating temperature 𝑇 80 ∘C

Operating pressure in the compartment j 𝑝𝑗 101325 Pa

Current density 𝐽 1 kA m−2

Duration of switching 𝑡switch 30 min
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In the dynamic switching of electrolyte cycles, the volume of the liquid electrolyte
and gaseous product in the electrolysis cell and the gas separators plays a significant
role in the time required for the transition of the system to its steady-state. More
specifically, the transition of the experimental setup to its steady-state, in terms of
the anodic hydrogen content, strongly depends on the total volume of the produced
gas in each half-cell and its associated gas separator 𝑉tot,𝑗gas . As stated in Chapter
5.1, the experimental total gaseous volume in each half-cell and its associated gas
separator equals 𝑉tot,𝑗gas = 1.6 L. The introduction of this value in the developed model
reveals that the gaseous volume in the gas separator of the compartment 𝑗 equals
𝑉sep,𝑗gas = 1.55 L. The rest of the gaseous product can be found in the half-cell 𝑗, and
has a volume of 𝑉𝑗gas = 0.05 L.
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Figure 5.2: Validation of the dynamic switching model with the experimental results of Haug et al.[40].

In Figure 5.2, the validation of the model that describes the dynamic switching of
electrolyte cycles with the experimental data of Haug et al. [40] is presented. On the
vertical axis of the graph, the anodic hydrogen content is shown in vol%. Similarly, on
the horizontal axis, the time is displayed, in h. The black circles show the experimental
results found in Ref. [40]. The solid black line shows the prediction of the anodic
hydrogen content as a function of time from the developed dynamic model. The grey
dashed line shows the average anodic hydrogen content from the modeling results,
when the dynamic switching starts.

In the beginning of the experiment, when 2 h ≤ 𝑡tot ≤ 3 h, the system operates
in mixed-mode until and has reached its steady state in terms of the anodic hydrogen
content. When 3 h < 𝑡tot ≤ 3.5 h, the dynamic switching starts by importing into
the model the boundary conditions of the partly-separated mode. The boundary con-
ditions of the partly-separated mode are given by equations (3.39)-(3.42). Instantly,
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there is a drop in the anodic hydrogen content. From the material balances, and
the boundary conditions, the gas crossover in the partly-separated mode occurs only
due to diffusion through the diaphragm. The partly-separated mode lasts for 30 min.
Therefore, when 𝑡tot = 3.5 h, the boundary conditions of themixed-mode are imported
into the dynamic model. As a result, the anodic hydrogen content starts increasing
due to electrolyte mixing before the entrance of the electrolysis cell. The continuous
switching between the mixed-mode and the partly-separated mode takes place every
30 min, until 𝑡tot = 6.5 h. At this point, the mixed-mode boundary conditions are im-
ported into the model, and the system approaches its steady-state anodic hydrogen
content until 𝑡tot = 8 h.

In the beginning, themodel approaches successfully the experimental steady-state
anodic hydrogen content until 𝑡tot = 3 h. When the dynamic switching starts, the
H2 in O2 impurity decreases because of the activation of the partly-separated mode.
The model follows the fall successfully. When 𝑡tot = 3.5, 4.5, 5.5, 6.5 h, the model
predicts a slightly lower anodic hydrogen content in the end of the partly-separated
mode. Furthermore, the maximumH2 in O2 content matches the experimental results,
when 𝑡tot = 4, 5, 6 h. When the system operates for the last time in mixed-mode
and approaches its steady-state, at 6.5 h ≤ 𝑡tot ≤ 8 h, the model predicts a higher
impurity in comparison with the experimental results. Finally, in Ref. [40] it is reported
that the average anodic hydrogen content during the dynamic switching of electrolyte
cycles equals 𝑦avgH2

= 0.306 vol%. The average anodic hydrogen content predicted
from the model equals 𝑦avg,mod

H2
= 0.295 vol%.

Overall, the dynamicmodel sufficiently validates the experimental results in Ref.[40]
and adapts to the sinusoidal trend during the dynamic switching of electrolyte cycles.
The average anodic hydrogen content, which is calculated by the model, slightly devi-
ates from the experimental average value . Despite the lower anodic hydrogen content
which is predicted from the model when switching occurs from the partly-separated to
the mixed mode, the results from the model and the experiment are in good agree-
ment.

5.3. Results of the steady-state model
In the following, the calculation of the gas evolution efficiency is firstly presented. The
gas evolution efficiency is required for the material balances of the steady-state and
the dynamic model. Then, the results of the steady-state model in comparison with
the experimental data from the setup of XINTC are shown.

5.3.1. Calculation of the gas evolution efficiency
The gas evolution efficiency is an indispensable term for the accurate solution of the
material balances. Its value strongly depends on the cell design and the operating
conditions of the cell.

The gas evolution efficiency of hydrogen and oxygen can be calculated by im-
porting into the steady-state model the experimental values of the anodic hydrogen
content and cathodic oxygen content which were introduced in Figure 4.2. When
these impurities are known, the anodic partial pressure of hydrogen, 𝑝anoout,H2

and the
cathodic partial pressure of oxygen, 𝑝catout,O2

can be calculated from equations (3.91)-
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(3.92), respectively. As a result, the solubility of hydrogen in the liquid electrolyte, in
the anodic compartment, 𝑐∗,anoH2

can also be calculated because of equation (3.84).
Furthermore, due to the knowledge of 𝑝catout,O2

, the partial pressure of hydrogen in the
cathodic compartment can be calculated, because of equation (3.45). As a result, the
solubility of hydrogen in the liquid electrolyte, in the cathodic compartment, 𝑐∗,catH2

can
be calculated due to equation (3.85).

In Table 3.3, the unknown terms of the steady-state model are listed. When the ex-
perimental anodic hydrogen and cathodic oxygen content are imported into the model,
the anodic and cathodic solubility of hydrogen in the liquid electrolyte, 𝑐∗,anoH2

, 𝑐∗,catH2
can

be calculated and are not included as unknown quantities for the calculation of the
gas evolution efficiency. At the same time, the gas evolution efficiency of hydrogen
and oxygen are imported as unknown terms into the steady-state model. Due to the
knowledge of the solubility, the number of unknowns is maintained and the steady-
state model can be solved. In this case, the steady-state model can calculate the gas
evolution efficiency of hydrogen and oxygen as a function of the current density.
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Figure 5.3: Calculated hydrogen gas evolution efficiency for the experimental results of XINTC, at the
exit of the single cell.

In Figure 5.3, the calculated gas evolution of hydrogen is presented as a function of
the current density. The calculated results are also listed in Table 5.4. In Chapter 2.2.4,
it was mentioned that the gas evolution efficiency depends on the operating conditions
that are applied in the electrolysis cell. More specifically, it was stated that it presents a
significant dependence on the applied current density. Therefore, a considerable effort
was presented in expressing the gas evolution efficiency as a function of the current
density (see Table 2.1). The introduction of the experimental impurities in the steady-
state model results in a moderate increase of the hydrogen gas evolution efficiency,
which is expressed as a function of the applied current density. The modeled results
are fitted to a power law trendline which is expressed from equation (5.5).

𝑓G,H2 = 0.87554 ⋅ 𝐽0.04963 (5.5)
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Where the current density 𝐽 is given in kA m−2. The modeling results validate that
the increase of the current density can lead to a higher gas evolution efficiency. This
observation can be explained from Faraday’s law and the mass transfer mechanisms
which act on the concentration boundary layer of the electrodes. A high reaction rate
results in more dissolved product in the concentration boundary layer of the electrode.
As a result, a large supersaturation builds up with respect to the electrolyte bulk, and
hence more product is transferred to the gaseous phase. Finally, the steady-state
model indicates a relatively higher gas evolution efficiency in comparison with the
equations listed in Table 2.1. The higher value can be due to the dependency on
other operating conditions such as the flow rate and the bubble coverage on the elec-
trode area. Furthermore, it can be due to the underestimation of the anodic hydrogen
content with the steady-state experiment. Despite the higher result, the hydrogen gas
evolution efficiency does not exceed the unity for current densities up to 4 kA m−2.

The steady-state model can also calculate the gas evolution efficiency of oxygen.
The solution of the steady-state model indicates that the gas evolution efficiency of
oxygen is equal to unity. However, its implementation in the steady-state model re-
sulted in a much lower cathodic oxygen content than the experimental. In general, it
is not realistic to accept that the gas evolution efficiency is equal to unity, because it is
assumed that the whole product is transferred to the gaseous phase in the boundary
layer of the electrode. As a result, when the gas evolution efficiency is equal to unity,
the calculated impurity is lower. To correct this effect, it is expressed by equation (5.6)
to fit the experimental cathodic oxygen content.

𝑓G,O2 = 0.84 (5.6)

Table 5.4: The hydrogen gas evolution efficiency calculated from the steady-state model by importing
the experimental anodic hydrogen content.

𝐽 (kA m−2) 𝑓G,H2 (-)

0.75 0.868

1 0.876

1.5 0.882

2 0.905

3 0.930

5.3.2. Comparison of the steady-state model with the experimental
results

In Figure 5.4, the comparison of the steady state model with the experimental results
from the alkaline water electrolyser of XINTC, is shown. On the vertical axis, the gas
impurity is given, in vol%. On the horizontal axis, the current density is depicted in
kA m−2. The approximated gas evolution efficiencies from equations (5.5)-(5.6) are
imported into the steady-state model. Furthermore, the design characteristics of the
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Figure 5.4: Comparison of the model in mixed mode with the experimental results of XINTC.

experimental setup, and the input operating conditions are listed in Table 4.1 and Table
4.2, respectively. The mixed-mode boundary conditions are given from equations
(3.37)-(3.38). The material balances for the steady-state model which operates in
mixed mode are solved by implementing simplex methods. The solution begins by
introducing a set of initial conditions to the solver.

For both impurities, the model sufficiently verifies the experimental results. The
solution presents a similar trend to the validated model. More specifically, it can be
observed that the H2 in O2 content is always larger than the O2 in H2 content. The
larger reaction rate estimated by the Faraday’s law leads to a higher hydrogen produc-
tion, and a hence higher anodic hydrogen than cathodic oxygen content. Furthermore,
as the current density increases, the H2 in O2 impurity shows a gradually descending
tendency. This can be explained by the growing hydrogen gas evolution efficiency
as a function of the current density. Since the hydrogen gas evolution efficiency in-
terprets the gas formation due to supersaturation in the electrode area, then a higher
gas evolution efficiency results in a larger amount of gas on the electrode surface
without O2 species. Therefore, in the high current densities, the bulk concentration
and partial pressure of the anodic hydrogen will be less, compared to the low current
densities. The lower bulk concentration results in a low anodic hydrogen content, due
to the desorption flux.

Similarly, the drop of the O2 in H2 impurity is due to the increasing hydrogen gas
evolution efficiency with the current density. However, the variation of the O2 in H2 im-
purity is small due to the significantly high production rate of hydrogen in the cathode.
The oxygen species which dissolve in the anodic compartment, cross permeate the
opposite half cell due to the mixed boundary conditions. In the cathodic compartment,
the bulk concentration of dissolved oxygen is significantly smaller than the bulk con-
centration of dissolved hydrogen. This can be explained by the 50% smaller reaction
rate of oxygen in comparison with hydrogen. Furthermore, the diffusivity of oxygen in
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the liquid electrolyte is an order magnitude smaller than the diffusivity of hydrogen. As
a result, the desorption flux of oxygen in the cathodic compartment, is substantially
smaller than the desorption flux of hydrogen, and hence the O2 in H2 impurity will
show a small drop.

5.4. Results of the dynamic model
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Figure 5.5: Comparison of three cases of the dynamic switching model with the experimental results
of XINTC. Green dashed line: In the dynamic model the real volumes of the separator tanks are

applied, 𝑉anosep =16 L, 𝑉catsep=32 L. Red dashed line: In the dynamic model the volumes of the separator
tanks correspond to the volume of the interconnecting piping between the cell and the sampling point,
𝑉anosep = 𝑉catsep=0.06 L. Black solid line: Comparison of the dynamic model with the experimental data by
applying a correction factor of 0.03 to the volume of the separator tanks,𝑉anosep =0.48 L, 𝑉catsep=0.96 L .

In Figure 5.5, the dynamic model is shown in comparison with the experimental
results from Table 4.5. The vertical axis contains the gas impurity in vol%. On the
horizontal axis, the time is shown in h. The operating conditions which are applied
in the dynamic switching model are listed in Table 4.3. The hydrogen gas evolution
efficiency which is applied in the dynamic switching model is given by equation (5.7).

𝑓G,H2 = 0.868 (5.7)

This is the gas evolution efficiency that corresponds to the current density of 0.75
kA m−2, in Table 5.4. The oxygen gas evolution efficiency is given by equation (5.6).

In the dynamic model, the volume of the gas separators strongly influences the
transition time to the steady state. For the experimental results of XINTC, it is not
wise to use the actual volume of the separator tank because the impurity measure-
ments took place at the exit of the electrolysis cell. However, the response of the
anodic hydrogen content at the exit of the cell is not the same as at the exit of the
gas separator. The modeling procedure to successfully predict the response of the
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system must include the volume of the gas separators. Otherwise, the system will
have an instant response to its steady state due to the CSTR assumption, and the
transition time will not be modeled properly. As a result, in order to find the volume of
the gas separators that better fit the experimental results, three cases of the dynamic
model are considered. In these cases, the liquid volume fraction in the gas separators
is kept constant at 42% of their geometrical volume.

In the first case (Real volumes), the actual volumes of the gas separators are
imported from Table 4.1. At t=0, the model has reached its steady-state gas impurity,
and the dynamic switching starts. In this case, because the volume ratio of the gas
separator to the half-cell is extremely large (𝑅v = 561 for the anode, and 𝑅v = 1122
for the cathode), the calculated response is significantly slow (green dashed line).
The model does not agree with the experimental data because the anodic hydrogen
content is predicted at the exit of the gas separators, where the inertia of the separator
tank affects the calculated result. The response of the experimental setup is faster
than the calculated result because the measurements are collected at the exit of the
electrolysis cell, and the sample does not experience further mass transfer inside the
separator tanks.

In the second case (Tubing), the volume of the gas separators corresponds to the
volume of the interconnecting piping between the single cell and the sampling point.
The total volume of the interconnecting piping equals approximately 0.06 L for each
compartment. The examination of the calculated result reveals that themodel (Tubing)
reaches very fast its steady state (red dashed line). In this case, the volume ratio of
the tubing to the half-cell is low (𝑅v = 2.1 for the anode and cathode) and the system
response is significantly fast due to the CSTR assumption. The low volume ratio in
conjunction with the CSTR assumption accelerate the response to such an extent that
the system instantly reaches its steady state.

To eliminate the difference in response time due to the large volume difference of
the gas separators with the half-cell in the first case, and the immensely fast response
due to the CSTR assumption in the second case, a correction factor is applied to
the total volumes of the gas separators. The correction factor is equal to 0.03 and is
applied to the real volumes of the gas separators. As a result, the corrected volumes
of the newmodel (Modified volume) are 𝑉anosep =0.48 L and 𝑉catsep=0.96 L. In the following,
only the model with the modified volumes is considered (black solid line).

To simulate the experimental dynamic switching, the model starts in mixed mode,
reaches its steady-state impurity, and then the switching between the partly-separated
and themixedmode begins. At 𝑡 = 0 h, the modeled steady-state impurity (black solid
line) in mixed mode verifies the experimental value (black squares). Subsequently, at
0 h < 𝑡 ≤ 0.5 h, the boundary conditions for the partly separated mode are imported
into the model. The impurity decreases because the boundary conditions dictate that
the gas crossover occurs only due to the effect of diffusion through the diaphragm.
The decrease in the anodic hydrogen content can be interpreted from the significantly
smaller magnitude of the crossover through the diaphragm than the crossover due
to electrolyte mixing. It can be observed that the model presents the same trend
with the experimental results when it operates in the partly-separated mode. The
trend strongly depends on the correction factor which is applied to the geometrical
volume of the gas separators. However, at 𝑡 = 0.5 h, the anodic hydrogen content is
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underestimated by the model. The underestimation of the impurity can be due to the
gradual build up of a local supersaturation, in close proximity to the diaphragm, that
leads to a high concentration gradient between the half cells, because the electrolyte
mixing is inactive. For example, the dissolved cathodic hydrogen is supersaturated
in the boundary layer, which is very close to the diaphragm area. At the same time,
due to the absence of electrolyte mixing, the bulk concentration of the anodic hydrogen
gradually decreases. As a result, a large concentration gradient between the half-cells
builds up and leads to a higher gas crossover through the diaphragm in comparison
with the model. This phenomenon results in a higher anodic hydrogen content than
the predicted value, at 𝑡 = 0.5 h. The dynamic model cannot capture phenomena of
local supersaturation because it is developed on the basis of the CSTR assumption.
The same tendency can be detected when 1 h < 𝑡 ≤ 1.5 h. Finally, in Figure 5.2,
when the validated model operates in partly-separated mode it shows a similar trend
with the current model.

At 0.5 h < 𝑡 ≤ 1 h, the system operates in the mixed mode, and the H2 in O2
impurity increases because the gas crossover develops due to electrolyte mixing in
conjunction with the diffusion through the diaphragm. The model predicts a gradual
increase of the anodic hydrogen content even though the experimental results indicate
a steeper growth. The steeper growth can be due to the fact that the gaseous samples
are collected at the exit of the electrolysis cell. At 𝑡 = 1 h, before switching to the
partly-separated mode, the approximated impurity is less than the initial one, at 𝑡 =
0 h. This observation can be attributed to the fact that the system has not reached
its steady-state anodic hydrogen content and is well-captured by the model and the
experimental results.

From the modeling results of the dynamic switching (Modified volumes), the av-
erage H2 in O2 impurity can be approximated. The average modeled anodic hydro-
gen content equals 𝑦avg,mod

H2
= 0.423 vol%. From the experimental results of dynamic

switching, the average anodic hydrogen content is equal to 𝑦avgH2
= 0.445 vol%. There-

fore, the modified model develops a sinusoidal trend which is similar to the experimen-
tal impurities.

Overall, the proper implementation of the dynamic model to any experimental re-
sults reveals that the applied volume ratio of the gas separator to the half-cell should
be kept in moderate values. Furthermore, when the impurity is not calculated at the
exit of the gas separators, the response of the model becomes significantly fast, due
to the CSTR assumption. As a result, a correction factor to the geometrical volumes
needs to be applied. The modified model which is applied to the experimental results
of XINTC shows that the trend of the dynamic switching experiment can be sufficiently
predicted. However, the existence of any local supersaturation inside the half-cell can-
not be predicted properly due to the CSTR assumption.

5.5. Sensitivity Analysis
In the following, a sensitivity analysis for the dynamicmodel is provided. The boundary
conditions of the dynamic model correspond to the operation in mixed mode. The
sensitivity analysis focuses on the dynamic model because it can provide information
about the response of the system and the steady-state impurity at the same time.
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Furthermore, only the anodic hydrogen content is shown because it presents larger
variation than the cathodic oxygen content. The sensitivity analysis is materialized
with varying the gas evolution efficiency of the model, the design characteristics of the
system and the operating conditions. The design characteristics include the variation
of the volume in the gas separators and the diaphragm. The operating conditions
include the variation of the liquid volumetric flow rate, the liquid and gaseous volume
in the gas separators, the temperature in the system and the KOH mass fraction. The
models with the varying input parameters are compared to the default model. The
input parameters of the default model are listed in Table 5.5.

Table 5.5: Input parameters of the default model.

Variable Symbol Value Units

KOH mass fraction 𝑤KOH 30 wt%
Liquid flow rate �̇�L 100 mL min−1

Operating temperature 𝑇 313.15 K

Operating pressure in the compartment j 𝑝𝑗 101325 Pa

Current density 𝐽 1 kA m−2

Anodic gas separator volume 𝑉anosep 1 L

Cathodic gas separator volume 𝑉catsep 1 L

Liquid volume in the anodic gas separator 𝑉sep,anoliq 0.5 L

Liquid volume in the cathodic gas separator 𝑉sep,catliq 0.5 L

Hydrogen gas evolution efficiency 𝑓G,H2 0.875 -

Oxygen gas evolution efficiency 𝑓G,O2 0.830 -

5.5.1. Variation of the gas evolution efficiency
In Figure 5.6, the effect of the variation of the gas evolution efficiency in the anodic hy-
drogen content as a function of time is shown. The dynamic model operates in mixed
mode until it reaches its steady state, and the models with the varied gas evolution
efficiency are compared with the default model (black dashed line).

In Figure 5.6a, the variation of the hydrogen gas evolution is shown. Firstly, it
can be observed that a decrease in the hydrogen gas evolution efficiency leads to an
increase in the anodic hydrogen content. The decrease of the hydrogen gas evolution
results in a lower gaseous production rate of hydrogen and more dissolved cathodic
hydrogen. The dissolved hydrogen in the cathode cross permeates to the anodic half-
cell due to the mixed boundary conditions. An increase in the bulk concentration of the
anodic hydrogen, results in a higher desorption flux in the anodic electrolyte bulk, and
hence a higher H2 in O2 impurity. On the contrary, an increase in the hydrogen gas
evolution efficiency leads to a higher gaseous hydrogen production rate in the cathode
and hence less dissolved cathodic hydrogen. The dissolved cathodic hydrogen which
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Figure 5.6: Variation of the gas evolution efficiency: (a) Hydrogen gas evolution efficiency. (b) Oxygen
gas evolution effiency

ends up to the anodic half-cell, results in a lower H2 in O2 impurity due to the reduced
anodic bulk concentration of hydrogen. The variation of the hydrogen gas evolution
efficiency does not affect the transition time to the steady state.

In Figure 5.6b, the variation of the oxygen gas evolution is shown. The variation
of the oxygen gas evolution efficiency seems to negligibly affect the anodic hydrogen
content. However, it seems that the implementation of extreme values (𝑓G,O2 = 0.9
and 𝑓G,O2 = 0.1) slightly affects the steady-state value. When the oxygen gas evolu-
tion efficiency decreases, to some extent less pure oxygen product is generated in the
anodic compartment. As a result, the anodic oxygen partial pressure will be slightly
reduced and the H2 in O2 slightly increases due to equation (3.105). At the same
time, when the oxygen gas evolution efficiency decreases to 𝑓G,O2 = 0.1, the degree
of desorption of the dissolved oxygen in the anodic half-cell is increased by an order
of magnitude. As a result, the anodic oxygen partial pressure is kept constant and
the anodic hydrogen content is not significantly affected. Finally, the variation of the
oxygen gas evolution efficiency does not affect the response of the model to its steady
state.

Overall, it can be concluded that the calculation of the hydrogen gas evolution
efficiency significantly affects the final results of the model. Therefore, accurate ex-
perimental data are required for the approximation of the hydrogen gas evolution ef-
ficiency. On the contrary, the small variation in the oxygen gas evolution efficiency
does not seem to substantially affect the final result.

5.5.2. Variation of the operating conditions
In Figure 5.7, the sensitivity analysis due to the variation of the operating conditions
is presented. More specifically, the varying operating conditions include the liquid
flow rate �̇�L (Figure 5.7a), the temperature 𝑇 of the process (Figure 5.7b), the mass
fraction of KOH 𝑤KOH (Figure 5.7c), and the liquid 𝑉sep,𝑗liq and gaseous volume in the
gas separator 𝑉sep,𝑗gas (Figure 5.7d). The dynamic model simulates the operation of an
alkaline water electrolyser in mixed mode. As a result, the mixed boundary conditions
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Figure 5.7: Variation of the operating conditions: (a) Liquid flow rate. (b) Temperature. (c) KOH wt%.
(d) Liquid and gaseous volume in the gas separator

are given. The models with the varying operating conditions are compared with the
default model (black dashed line).

In Figure 5.7a, the variation of the liquid flow rate is presented. It can be observed
that a increase in the liquid flow rate results in a rise of the steady-state H2 in O2 impu-
rity. This trend can be attributed to the electrolyte mixing gas crossover mechanism.
More specifically, an increase in the liquid flow rate leads to a higher convective mass
transfer from the mass balance equations. Therefore, more dissolved cathodic hydro-
gen will conclude in the anodic compartment. The bulk concentration of hydrogen in
the anodic half-cell increases as the liquid flow rate rises. As a result, the desorption
flux is governed by higher supersaturation, and hence more hydrogen will outgas in
the anodic compartment. Similarly, as the liquid flow rate decreases, the anodic hy-
drogen content reduces. The transition time to the steady-state, does not seem to be
affected from the variation of liquid flow rate.

In Figure 5.7b, the variation of the temperature is presented. An increase in the
temperature results in a lower steady-state H2 in O2 impurity. The solubility data which
are imported in the model by implementing the Setchenov relation (see Table A.9 and
Table A.12), indicate that an increase in the temperature slightly reduces the solubility
of hydrogen and oxygen in the liquid electrolyte. Therefore, in higher temperatures,
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the dissolved hydrogen species experiences a higher degree of supersaturation than
in lower temperatures and can outgas more efficiently. At the same time, the diffusivity
data which are imported in the model (see Table A.2 and Table A.4) indicate that
an increase in the temperature results in a higher hydrogen and oxygen diffusivity.
Therefore, the hydrogen and oxygen species experience a higher rate of diffusion,
which is a fundamental property for the calculation of the mass transfer coefficient in
the electrolyte bulk. The combined reduction in the solubility and the rise in diffusivity
lead to a higher desorptive flux in the electrolyte bulk. As a result, the gas crossover
due to the electrolyte mixing reduces and the dissolved species outgasmore efficiently
in the compartment in which they are generated. Similarly, the opposite holds true
when the temperature is reduced. Finally, the variation of the temperature does not
affect the transition time to the steady state.

In Figure 5.7c, the sensitivity analysis for the variation of the KOH mass fraction
is shown. It can be observed that an increase in the KOH mass fraction leads to
a decrease in the anodic hydrogen content. The decrease of the H2 in O2 impurity
can be explained from the imported solubility literature data. An examination of the
imported data (see Table A.9 and Table A.12) reveals that an increase in the KOH
mass fraction results in the fall of the solubility of hydrogen and oxygen species due
to the salting out effect. As a result, the dissolved species in the electrolyte bulk,
achieve a higher degree of supersaturation with an increasing KOH mass fraction.
Due to the higher degree of supersaturation, the desorptive flux in the electrolyte bulk
also increases and a higher amount of pure hydrogen or oxygen is released in the
compartment in which they are produced. As a result the H2 in O2 impurity decreases
with an increasing KOH mass fraction. The KOH mass fraction does not affect the
transition time to the steady-state impurity.

In Figure 5.7d, the variation of the liquid and gaseous volume in the gas sepa-
rators is presented. The total volume of the separator tank is kept constant. The
liquid volume is expressed as a percentage of the total geometrical volume of the gas
separator. For example, the indication V_liq_sep=30% means that the gas separator
consists of 30% liquid electrolyte and 70% gaseous product. In Figure 5.7d, it can be
noticed that a decrease in the liquid volume of the gas separator results in a faster
system response.

The response of the system in terms of the anodic hydrogen content presents a
dependency on the gaseous volumetric flow rate, which is visualized in Figure 5.8.
More specifically, a decrease in the liquid volume means that gas separator consists
of more gaseous product and the bulk concentration of the dissolved species devel-
ops faster to its steady state. Due to the quick response of the bulk concentration,
the desorption flux in the single cell will follow a similar trend. Therefore, from equa-
tion (3.103), the anodic volumetric flow rate develops faster as the liquid volume of
the gas separator decreases. Subsequently, the anodic hydrogen content reaches
its steady state faster. On the contrary, when the liquid volume of the gas separa-
tor increases, the gaseous flow rate develops slower. At the same time, the partial
pressure increases fast. Hence, the response of the anodic hydrogen content does
not slow down significantly. For this reason, when the liquid volume increases, the
anodic hydrogen content does not show a significant difference with the case where
V_liq_sep=50%. Finally, all the models conclude in the same steady-state anodic
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Figure 5.8: Response of the gaseous volumetric flow rate as a function of the liquid volume of the
separator tank.

hydrogen content.
Overall, the variation of the operating conditions in the dynamic model results in

a realistic behavior during the alkaline water electrolysis. Finally, it has to be noted
that the dynamic material balances strongly depend on the input properties, such as
the diffusivity and the solubility. Therefore, the input properties need to be selected
carefully.

5.5.3. Variation of the design characteristics
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Figure 5.9: Variation of the design characteristics: (a) Porous diaphragm. (b) Geometrical volume of
the gas separators.

In Figure 5.9, the sensitivity analysis for the design characteristics is shown. The
design characteristics consist of the porous diaphragm, and the geometrical volume
of the gas separators. The dynamic models simulate the transition to the steady state
in mixed mode, and hence the mixed boundary conditions are imported. The varied
dynamic models are compared with the default model (black dashed line).

In Figure 5.9a, the effect of Type A and Zirfon diaphragm in the anodic hydrogen
content is compared. From the modeling results, it can be observed that the selec-
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tion of alternative porous diaphragm has a negligible effect on the variation of the
H2 in O2 impurity. The negligible effect on the anodic hydrogen content can be jus-
tified from the definition of the hydrogen gas evolution efficiency in this model. The
hydrogen gas evolution was calculated by importing into the model the experimen-
tal H2 in O2 and O2 in H2 impurities. The measured impurities are the the result of
the gas crossover mechanisms due to the diffusion through the diaphragm, and the
electrolyte mixing. Therefore, the gas evolution acts as a lumped parameter which
includes both of these gas crossover mechanisms. The CSTR assumption cancels
out the existence of any local supersatution phenomena close to the electrode area
which may result in a larger diffusion through the diaphragm. Finally, in an attempt to
quantify the effect of gas crossover flux through the diaphragm, the anodic hydrogen
content is evaluated for the dynamic model in the partly-separated mode. When the
model reaches its steady state, the results indicate that for the Zirfon separator the
H2 in O2 impurity equals to 𝑦ZirfonH2

= 0.0103 vol% and for the Type A it is equal to
𝑦TypeAH2 = 0.0088 vol%. Therefore, the maximum calculated contribution of the gas
crossover through the diaphragm is negligible in comparison with the electrolyte mix-
ing, which is above 1% according to Figure 5.9a.

In Figure 5.9b, the effect of the variation of the geometrical volume of the gas sep-
arators is studied. The liquid volume of the electrolyte in the gas separator is 42% of
the geometrical volume of the separator tank. It is noticed that an increase in the geo-
metrical volume results in a slower transition to the steady-state. The enlargement of
the geometrical volume of the gas separator leads to an increase of both the liquid and
gaseous volume inside the gas separator. Therefore, it causes a slower response in
the dissolved species in the liquid electrolyte and a slower response in the outlet partial
pressures of the species in the gas separator. This observation can be justified from
equations (3.101)-(3.102). In Figure 5.10, the response of the anodic gaseous volu-
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Figure 5.10: Response of the gaseous volumetric flow rate as a function of the total volume of the
separator tank.
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metric flow rate is shown. The transition time of the anodic hydrogen content presents
a strong dependency on the gaseous volumetric flow rate. Since the response time
of the bulk concentration increases with the enlargement of the separator tank, the
gaseous volumetric flow rate will evolve slower due to equation (3.103). The compari-
son of Figure 5.10 with Figure 5.9b reveals that the anodic hydrogen content develops
a similar trend. Therefore, when the volume of the separator tank increases, the H2 in
O2 impurity reaches its steady state slower. On the contrary, when the volume of the
gas separators decreases, the anodic hydrogen content will evolve faster to its steady
state because the bulk concentration and the partial pressures in the gas separator
develop faster. Finally, in the extreme case where the geometrical volume of the gas
separator is oversized (V_GS=32L), the system will need even more time to reach its
steady state.

Overall, the model is not sensitive to different diaphragms. The possible overes-
timation of the hydrogen gas evolution efficiency in combination with the negligence
of local supersaturation in the electrode area, results in a significantly underestimated
diffusion flux through the separator. Thus, the modeled anodic hydrogen content is
not affected by the change of diaphragms.

Finally, the dynamic model can calculate the system response, in terms of the
anodic hydrogen content, by taking into account the geometrical volume of the gas
separators. In the steady-state model, the effect of the gas separators is neglected
because the accumulation terms are zero. It is found that the geometrical volume of
the gas separators can substantially influence the transition time to the steady-state
gas impurity.



6
Conclusions and recommendations

In this thesis, the gas crossover in alkaline water electrolysis has been experimen-
tally characterized and calculated by developing a steady-state and a dynamic model.
More specifically:

• The motivation of the thesis has been provided. The factors which affect the
gas purity in alkaline water electrolysis are thoroughly analyzed. It has been
proven that the gas purity can be modeled both in steady-state and dynamically.
The design characteristics and operating conditions of the electrolyser affect the
response of the model, in terms of the anodic hydrogen content. As a result, the
model can predict the gas crossover, in low current densities and the threshold
of the LEL which is 4 vol% can be avoided.

• The literature study has introduced the theoretical framework of the gas crossover
mechanisms in alkaline water electrolysis plants (Schalenbach et al. [20], Trinke
et al. [41]). Furthermore, the mitigation strategies were analyzed (Haug et al.
[40]) with a focus given on the dynamic switching of electrolyte cycles.

• The material balances have been derived for the steady-state and dynamic
model. The steady-state model is based on the theoretical considerations of
Haug et al. [34]. The dynamic mass balances are an extended version of the
steady-state case and they have been developed from the scratch. In the dy-
namic model, the effect of the gas separators on the response of the system has
been included.

• Gas impurity experiments have been conducted for the single cell of XINTC. The
samples were collected at the exit of the electrolysis cell. The first experiment
shows the steady-state gas impurity in mixed mode as a function of the current
density. The second experiment presents the dynamic response of the system
when it is subjected to the dynamic switching of electrolyte cycles.

• The results of the models have been provided. The validity of the steady-state
and dynamic model has been tested for the experimental results of Haug et
al. [40]. The experimental impurities allow the calculation of the gas evolution

89
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efficiency with the use of the steady-state model. Next, the steady-state and dy-
namic models are compared with the experimental findings. Finally, a sensitivity
analysis is provided for the dynamic model which operates in mixed mode.

The conclusions of this thesis can help in improving the experimental setup for
single-cell measurements. Furthermore, they assist in the evaluation or the recalcu-
lation of important model properties, such as the gas evolution efficiency for hydrogen,
𝑓G,H2 . Finally, the outcome of this thesis gives a better understanding on the steady-
state and dynamic models. Overall, the conclusions of the thesis are summarized
below:

Experiments

1. The results of the steady-state experiment agree with the trend of the results
found in the literature. The anodic hydrogen content is larger than the cathodic
oxygen content because the production rate of hydrogen is double the oxygen.
Furthermore, the anodic hydrogen content decreases as the current density in-
creases because the amount of H2 species that dissolves in the electrolyte bulk
is reduced. The deviation of the experimental H2 in O2 impurities, in low current
densities, is attributed to the possibility that the system did not reach its steady
state.

2. When the system operates in mixed mode, during the experimental dynamic
switching, it develops a fast response because the samples are collected at the
exit of the single cell. The sampling point is positioned before the gas sepa-
rators and the inertia of the gas separators is neglected. For this reason, the
measurements indicate a faster response in comparison to the modeling re-
sults. Nonetheless, the experimental dynamic switching shows that the impu-
rity achieves a sinusoidal trend, where the average H2 in O2 content (𝑦avgH2

=
0.445 vol%) is less than the steady-state impurity in mixed mode (𝑦H2 = 0.724
vol%).

3. When the system operates in a partly-separated mode, during the dynamic
switching experiment, it shows that the anodic hydrogen content is larger than
the value which is calculated by the modified model, at 𝑡 = 0.5, 1.5 h. This is
due to the existence of areas of local supersaturation, in close proximity to the
diaphragm.

4. The existence of the gas separators not only affects the system response but the
magnitude of the steady-state anodic hydrogen content. The fact that the sam-
ples are collected at the outlet of the electrolysis cell means that the additional
mass transfer phenomena that take place into the separator tank are neglected.
As a result, the experiment underestimates the anodic hydrogen content.

Steady-state model

1. The steady state model validates the literature data. Furthermore, it shows good
agreement with the experimental data from XINTC.
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2. The gas evolution efficiency of hydrogen strongly depends on the measured im-
purities. This is due to the fact that it is calculated by importing the experimental
data into the steady state model.

3. The gas evolution efficiency of hydrogen validates that its value is affected from
the applied current density. However, in this thesis, it is larger than the cal-
culated value from other relations found in literature. This can be due to the
underestimation of the experimental steady-state anodic hydrogen content.

Dynamic model

1. The modified model with the correction factor shows that it can verify the dy-
namic switching of electrolyte cycles. As a result, it acquires a sinusoidal be-
havior similar to the trend of the experimental data. The value of the average
calculated anodic hydrogen content (𝑦avg,mod

H2
= 0.423 vol%) is close to the ex-

perimental (𝑦avgH2
= 0.445 vol%). Similarly, the calculated value of the validated

model is equal to 𝑦avg,mod
H2

= 0.295 vol%, and the experimental one equals
𝑦avgH2

= 0.306 vol%.

2. The dynamic model shows that its implementation requires the sampling and
calculation of the anodic hydrogen content at the exit of the gas separators.
Otherwise, a correction factor has to be applied to the geometrical volume of
the gas separators. For example, in the validated model, the anodic hydrogen
content was sampled and calculated at the exit of the gas separators. As a
result, the calculated transition time agrees with the experimental data. On the
contrary, in the experimental data of XINTC, due to the large real volume of
the gas separators, the transition time to the steady state is significantly slow.
Therefore, a correction factor needs to be applied.

3. The imported volume ratio of the separator tank to the half-cell must have mod-
erate values. The implementation of low volume ratios, such as the Tubing case
in Figure 5.5, leads to an instant transition to the steady state, due to the CSTR
assumption.

4. When the dynamic model operates in a partly-separated mode, it cannot cal-
culate phenomena of local supersaturation close to the diaphragm, due to the
CSTR assumption. As a result, it underestimates the anodic hydrogen content.

5. Overall, the variation of the operating conditions shows that the model is robust
and has a realistic behavior.

6. In the dynamic model, the transition time to the steady state depends on the
geometrical volume of the separator tank, the volume of the half-cell, and the
liquid volume ratio in the gas separator. The rest of the input properties do not
affect the response of the system.

7. The steady-state value of the anodic hydrogen content strongly depends on the
calculated gas evolution efficiency of hydrogen. As a result, the experimental
H2 in O2 impurity measurements must be reliable.
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8. In the mixed-mode operation, the steady-state anodic hydrogen content is not
affected by the diaphragm change. This happens because the gas evolution
efficiency acts as a lumped parameter that includes the crossover through the
diaphragm and the electrolyte mixing.

Future recommendations
The dynamic switching of the electrolyte cycles seems to be a promising alternative
operation to reduce the gas crossover in low current densities. In this thesis, it has
been shown that the average anodic hydrogen content is less than the impurity in
mixed mode. However, when the system switches to the partly-separated mode, a
concentration gradient in KOH builds up due to the half-reactions. A future experi-
mental project regarding the dynamic switching can include the durability of the cell in
the long term. Furthermore, it would be interesting to study a complete stack which
operates with the dynamic switching. Another alternative process which is interesting
to study is the minimum lye flow rate [47]. It is based on the supply of a minimum flow
rate such that the diaphragm does not ”dry out”. As a result, the gas crossover due to
electrolyte mixing is minimized.

In the model of the thesis, the half-cells were modeled as ideal CSTR reactors.
The ideal CSTR follows from the assumption of perfect mixing of the reactants in the
half-cell. However, in real cases, the liquid electrolyte may not have a uniform bulk
concentration inside the half-cell. Due to the flow configuration in the half-cell, the
resulting outlet bulk concentration can vary throughout the reactor. Therefore, the
half cells can also be modeled with non-ideal reactors, such as the plug flow model
with superimposed dispersion. Another reactor model can include the tank-in-series
model. Both models require the experimental determination of the residence time
distribution. Furthermore, both models consider the non-ideal behavior of a plug flow
reactor. The plug flow reactor model may bemore appropriate than the CSTR because
it results in a concentration gradient throughout the half-cell. Therefore, it can be
possible to capture phenomena of local supersaturation that cannot be tracked with
the ideal CSTR assumption.

A more complete version of the current model can also include alternative methods
for calculating the gas evolution efficiency. Even though the gas evolution efficiency
presents a strong dependence on the applied current density, it is also affected from
other operating conditions such as the liquid flow rate and the bubble coverage on
the electrode. Vogt [70], has made a significant effort in quantifying the gas evolu-
tion efficiency with analytical methods. More specifically, he extracted a function for
the gas evolution efficiency, where the variables are the diffusivity of the dissolved
species, the pressure, the temperature, the current density, the bubble diameter and
the fraction surface coverage of the electrode. Therefore, the implementation of ex-
periments to define the fraction surface coverage and the bubble diameter could result
in a different definition of the gas evolution efficiency which is independent of the ex-
perimental anodic hydrogen content. Finally, in a future model that calculates the gas
crossover, the effect of the gas separators in terms of the additional mass transfer
must be included.



A
Appendix - Model properties from

literature

In this chapter, the literature data which are required for the calculation of the model’s
properties will be introduced.

A.1. Water vapour partial pressure
In Ref. [55], the water vapour partial pressure is a function of the potassium hydroxide
molality and electrolyte temperature.

log10 𝑝H2O =− 0.01508𝑚 − 0.0016788𝑚2 + 2.25887 ⋅ 10−5𝑚3

+ (1 − 0.0012062𝑚 + 5.6024 ⋅ 10−4𝑚2 − 7.8228 ⋅ 10−6𝑚3)
⋅ (35.4462 − 3343.93/𝑇 − 10.9log10 𝑇 + 0.0041645𝑇) (A.1)

In equation A.1, the water vapor pressure is calculated in bar and the temperature 𝑇 in
K. The molality𝑚, is defined as themols of water per kg of KOH solution. Therefore,
the molality is given inmol/kg. Given the molar mass of potassium hydroxide 𝑀KOH,
the molality can be calculated by:

𝑚 = 𝑤KOH
𝑀KOH ⋅ (1 − 𝑤KOH)

(A.2)

In which, 𝑤KOH is the mass fraction of potassium hydroxide in the electrolyte solution.

A.2. Surface tension of liquid electrolyte
The surface tension of the liquid electrolyte can be calculated as a function of the
temperature and the mass fraction of KOH in the liquid electrolyte solution using [56]:

𝛾(𝜃, 𝑤KOH) =
5

∑
𝑖=1
(

5

∑
𝑖=𝑘
𝛼𝑖𝑘𝜃𝑘−1)𝑤𝑖−1KOH ⋅ 10−3 (A.3)
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where the temperature 𝑇 is given in ∘𝐶, and the matrix coefficient 𝑎𝑖𝑘 is equal to:

𝛼𝑖𝑘 =
⎛
⎜⎜

⎝

+75.4787 −0.138489 −0.336392 ⋅ 10−3 +0.475362 ⋅ 10−6 −0.264479 ⋅ 10−9
−32.889 +1.34382 −0.910138 ⋅ 10−2 +0.396124 ⋅ 10−4 −0.57365 ⋅ 10−7
+614.527 −12.8736 +0.104855 −0.449076 ⋅ 10−3 +0.651193 ⋅ 10−6
−1455.06 +39.8511 −0.344234 +0.144383 ⋅ 10−2 −0.207599 ⋅ 10−5
+1333.62 −38.3316 +0.335129 −0.137313 ⋅ 10−2 +0.194911 ⋅ 10−5

⎞
⎟⎟

⎠

A.3. Gas hold-up fraction
As explained in Chapter 3.4.5, the gas hold-up fraction is given by the publication of
Haug et al.[34]. From their experimental investigations they deduced the following
relation for the gas hold-up fraction 𝜀𝑗g,out:

Table A.1: Mathematical expression for the gas hold-up fraction according to Haug et al.[34].

Compartment 𝑋1 𝑋2 𝑋3
Anode 0.59438 0.59231 0.75647

Cathode 0.76764 0.73233 0.73457

𝜀𝑗g,out = Χ1 − Χ2 ⋅ 𝑋𝐽3 (A.4)

where 𝐽 is the current density in kA ⋅m−2.

A.4. Hydrogen and Oxygen diffusivity in aqueous KOH
solutions

The diffusivities of both hydrogen and oxygen have been estimated by fitting the ex-
perimental data of Tham et al. [58].

A.4.1. Hydrogen diffusivity in aqueous KOH solutions
The experimental data for hydrogen are given for different temperatures and depend
on the potassium hydroxide weight concentration. Next, by plotting the diffusivities
as a function of the weight concentration of potassium hydroxide in a semilog plot,
a trendline is added in the Excel such that it fits the experimental data. For better
accuracy a 4th order polynomial fitting has been chosen.

For intermediate temperatures, the diffusivity is estimated by calculating the aver-
age value between the two neighbouring points. The example of 50∘C is illustrated in
Figure A.1. The coefficients of the 4th order polynomial fitting are listed in Table A.3
including the example of 50∘C.
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Table A.2: Experimental data for the diffusivity of hydrogen in aqueous KOH solutions [58].

KOH 𝑤𝑡% 𝜃 = 25∘C 𝜃 = 40∘C 𝜃 = 60∘C 𝜃 = 80∘C 𝜃 = 100∘C
0.050 3.01 ⋅ 10−9 4.60 ⋅ 10−9 7.55 ⋅ 10−9 1.16 ⋅ 10−8

0.130 2.36 ⋅ 10−9 3.60 ⋅ 10−9 5.82 ⋅ 10−9 8.70 ⋅ 10−9

0.240 1.85 ⋅ 10−9 2.74 ⋅ 10−9 4.46 ⋅ 10−9 6.70 ⋅ 10−9 9.90 ⋅ 10−9

0.325 1.55 ⋅ 10−9 2.40 ⋅ 10−9 3.46 ⋅ 10−9 5.40 ⋅ 10−9

0.425 1.25 ⋅ 10−9 1.95 ⋅ 10−9 2.89 ⋅ 10−9 4.40 ⋅ 10−9

0.515 1.10 ⋅ 10−9 1.80 ⋅ 10−9 2.53 ⋅ 10−9 3.80 ⋅ 10−9 5.59 ⋅ 10−9
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Figure A.1: Experimental hydrogen diffusivity in liquid KOH electrolyte including 4th order polynomial
trendlines

Table A.3: Polynomial fitting coefficients for hydrogen diffusivity in aqueous KOH solutions [58].

𝜃(∘C) 𝛼0 𝛼1 𝛼2 𝛼3 𝛼4
25 3.64123 ⋅ 10−9 −1.49501 ⋅ 10−8 5.13645 ⋅ 10−8 −1.03646 ⋅ 10−7 8.09202 ⋅ 10−8

40 5.57910 ⋅ 10−9 −2.28371 ⋅ 10−8 7.36629 ⋅ 10−8 −1.37782 ⋅ 10−7 1.03210 ⋅ 10−7

50 7.29139 ⋅ 10−9 −2.81042 ⋅ 10−8 8.12707 ⋅ 10−8 −1.46003 ⋅ 10−7 1.09998 ⋅ 10−7

60 9.00369 ⋅ 10−9 −3.33713 ⋅ 10−8 8.88785 ⋅ 10−8 −1.54224 ⋅ 10−7 1.16784 ⋅ 10−7

80 1.44122 ⋅ 10−8 −6.70191 ⋅ 10−8 2.33116 ⋅ 10−7 −4.54111 ⋅ 10−7 3.42760 ⋅ 10−7
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𝐷H2,𝜃 =
4

∑
𝑛=0

𝛼𝑛 ⋅ 𝑤𝑛KOH (A.5)

The diffusion coefficient of hydrogen in the liquid electrolyte is calculated for each
temperature 𝑇 in 𝑚2𝑠−1 units and is valid for 0.05 ⩽ 𝑤KOH ⩽ 0.515.

A.4.2. Oxygen diffusivity in aqueous KOH solutions
The same procedure that has been followed for hydrogen will now be followed for
oxygen. From the experimental data of Tham et al. [58], the diffusivity of oxygen in
KOH solutions for different temperatures is listed in Table A.4, and plotted in Figure
A.2.

Table A.4: Experimental data for the diffusivity of oxygen in aqueous KOH solutions [58].

𝑤KOH 𝜃 = 25∘C 𝜃 = 40∘C 𝜃 = 60∘C 𝜃 = 80∘C 𝜃 = 100∘C
0.035 2.45 ⋅ 10−9

0.050 3.40 ⋅ 10−9 5.15 ⋅ 10−9

0.060 1.45 ⋅ 10−9

0.102 1.18 ⋅ 10−9 1.75 ⋅ 10−9

0.130 2.45 ⋅ 10−9 3.70 ⋅ 10−9

0.190 8.50 ⋅ 10−10 1.25 ⋅ 10−9 1.80 ⋅ 10−9

0.240 2.22 ⋅ 10−9 3.70 ⋅ 10−9

0.260 6.00 ⋅ 10−10 9.00 ⋅ 10−10

0.325 1.05 ⋅ 10−9 1.64 ⋅ 10−9

0.402 4.00 ⋅ 10−10 5.70 ⋅ 10−10

0.425 8.50 ⋅ 10−10 1.25 ⋅ 10−9 1.71 ⋅ 10−9

0.515 3.00 ⋅ 10−10 4.50 ⋅ 10−10 7.20 ⋅ 10−10 1.04 ⋅ 10−9 1.48 ⋅ 10−9

This study is limited to temperatures up to 𝑇 = 80∘C. In Figure A.2 the trendlines
added with Excel are visualized. For most of the temperatures, they are 4th order
polynomial fittings. However for 𝑇 = 60∘C and 𝑇 = 80∘C they are 3rd order poly-
nomials. For intermediate temperatures, such as for 𝑇 = 50∘C the coefficients are
calculated by averaging the neighbouring points. The coefficients for the polynomial
fittings of oxygen diffusivity are listed in Table A.5.

𝐷O2,𝜃 =
4

∑
𝑛=0

𝛽𝑛 ⋅ 𝑤𝑛KOH (A.6)

The diffusion coefficient of oxygen in the liquid electrolyte is calculated for each tem-
perature 𝑇 in 𝑚2𝑠−1 units and is valid for 0.035 ⩽ 𝑤KOH ⩽ 0.515.
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Figure A.2: Experimental oxygen diffusivity in liquid KOH electrolyte, including higher order
polynomial trendlines

Table A.5: Diffusivity of oxygen in aqueous potassium hydroxide solutions [58].

𝜃(∘𝐶) 𝛽0 𝛽1 𝛽2 𝛽3 𝛽4
25 1.85738 ⋅ 10−9 −7.71692 ⋅ 10−9 1.33495 ⋅ 10−8 −7.01990 ⋅ 10−9 −2.33205 ⋅ 10−9

40 2.91827 ⋅ 10−9 −1.49841 ⋅ 10−8 4.34515 ⋅ 10−8 −7.18134 ⋅ 10−8 5.02453 ⋅ 10−8

50 3.57483 ⋅ 10−9 −1.63852 ⋅ 10−8 3.70667 ⋅ 10−8 −4.49795 ⋅ 10−8 2.51226 ⋅ 10−8

60 4.23140 ⋅ 10−9 −1.77863 ⋅ 10−8 3.06820 ⋅ 10−8 −1.81457 ⋅ 10−8 0

80 6.37560 ⋅ 10−9 −2.63261 ⋅ 10−8 4.48021 ⋅ 10−8 −2.67261 ⋅ 10−8 0

A.5. Dynamic viscosity
The dynamic viscosity is calculated in Pa ⋅ s according to Ref. [34] which is valid for
273.15K ⩽ 𝑇 ⩽ 363.15K.

𝜇L =
4

∑
𝑛=0

𝛼𝑛 ⋅ 𝑇𝑛 (A.7)

A.6. KOH density
The density of the liquid electrolyte in kg m−3 can be calculated by the paper of Gilliam
et al. [57] by taking into account the Table A.7 and equation A.8.
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Table A.6: Higher order polynomial coefficients for the calculation of KOH dynamic viscosity [34].

𝛼0 +0.9105535967
𝛼1 −0.01062211683
𝛼2 +4.680761561 ⋅ 10−5

𝛼3 −9.209312883 ⋅ 10−8

𝛼4 +6.814919843⋅10−11

Table A.7: Relationship between density of KOH and 𝑤KOH for various temperatures according to
Gilliam et al. [57].

𝜃(∘C) 𝐴 𝜃(∘C) 𝐴
0 1001.9 50 988.45

5 1001.0 55 985.66

10 1000.0 60 983.2

15 999.06 65 980.66

20 998.15 70 977.88

25 997.03 80 971.89

30 995.75 90 965.43

35 994.05 100 958.35

40 992.07 150 916.99

45 990.16 200 867.07

𝜌L = 𝐴 ⋅ 𝑒0.086⋅𝑤KOH (A.8)

A.7. Henry’s law constant
The Henry’s law constant 𝐻𝑖 for species 𝑖 in pure water, has been calculated from [59]
in atm.

Table A.8: Constants for the general solubility correlation equation from [59].

Gas 𝐴 𝐵 𝐶 𝐷 𝐸
O2 -0.0005943 -0.1470 -0.05120 -0.1076 0.8447

H2 -0.1233 -0.1366 0.02155 -0.2368 0.8249

𝐴 (logHi)
2
+ 𝐵 (1/T)

2
+ 𝐶 (logHi) (1/T) + 𝐷 (logHi) + 𝐸 (1/T) − 1 = 0 (A.9)
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where Hi = 𝐻𝑖 ⋅ 10−4, and T = 1/𝑇(∘𝐾−1) ⋅ 103.

A.8. Setchenov constants
A.8.1. Hydrogen Setchenov constant
The solubility of hydrogen in liquid KOH has been found experimentally by J. Jolly
and S K. Shoor, and Knaster and Apel’baum. The experimental results are presented
in the report of Walker et al. [61]. The results of Jolly and S K. Shoor are listed in
Table A.9, and the results of Knaster and Apel’baum are listed in Table A.10. They
are plotted together in Figure A.3, which is a semilog plot. For the present study,
the calculation of hydrogen solubility in the liquid KOH electrolyte will be limited to
temperatures below 80∘C.

Table A.9: Experimental results for the solubility of hydrogen in aqueous KOH solutions [61] from J.
Jolly and S K. Shoor.

𝑤KOH 𝜃 = 25∘C 𝜃 = 40∘C 𝜃 = 60∘C 𝜃 = 80∘C 𝜃 = 100∘C
0.000 0.792 0.713 0.712

0.050 0.583 0.560 0.540 0.539

0.090 0.465 0.435 0.410 0.394

0.195 0.226 0.217 0.199 0.196

0.324 0.082 0.078 0.079

0.345 0.078

0.380 0.033 0.047

0.414 0.038 0.035 0.033 0.010 0.034

0.524 0.010 0.009 0.009

0.564 0.011 0.007

Table A.10: Experimental results for the solubility of hydrogen in aqueous KOH solutions [61] from
Knaster and Apel’baum.

𝑤KOH 𝜃 = 21∘C 𝜃 = 45∘C 𝜃 = 75∘C
0.053 0.632 0.569 0.542

0.191 0.273 0.239 0.2325

0.305 0.112 0.0952 0.0884

0.401 0.0496 0.0361 0.0328

To calculate the Setchenov constant for any temperature and KOH mass fraction
in the required operational range, fittings to the experimental solubility data should be
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Figure A.3: Experimental solubility of hydrogen, in liquid KOH electrolyte

Table A.11: Coefficients of higher order polynomial trendlines for the experimental solubility results.

𝜃(∘𝐶) 𝛼0 𝛼1 𝛼2 𝛼3 𝛼4 𝛼5
25 +7.91440 ⋅ 10−1 −4.59271 +11.1859 −13.6708 6.91981 0

40 +7.17790 ⋅ 10−1 −3.67249 +6.58886 −4.11510 0 0

60 +7.14536 ⋅ 10−1 −4.05796 +8.75746 −7.80221 1.83419 0

80 +8.26566 ⋅ 10−1 −7.31135 +36.0550 −104.680 156.407 −91.5320

provided. Therefore, from the experimental data of J. Jolly and S K. Shoor, higher
order polynomial trendlines are introduced. The higher order polynomial trendlines
obey equation (A.10). The coefficients of the higher order polynomial trendlines are
listed in Table A.11. Finally, since there is not a distinct difference in the solubility
of a specific KOH mass fraction between two different temperatures, for intermediate
temperatures, the solubility of these points will follow the solubility of the neighbouring
point with the higher temperature. For example, in 50∘C there are not any solubility
data. The neighbouring points are 40∘C and 60∘C. The highest neighbouring temper-
ature is 60∘C. Therefore, the solubility at 50∘C will follow the trendline of 60∘C.

𝑐∗,𝑗H2
=

5

∑
𝑛=0

𝛼𝑛 ⋅ 𝑤𝑛KOH (A.10)

To calculate the Setchenov constant for hydrogen for any temperature and KOH
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weight concentration within the operational range of XINTC, the equations (A.10) and
(3.70) will be substituted into the equation (3.68). Solving for 𝐾S results in relation
A.11.

𝐾S = log10
⎛
⎜

⎝

𝜌H2O
𝑀H2O

⋅ 𝑝𝑗out,i
𝐻𝑖⋅101325𝑃𝑎

∑5𝑛=0 𝛼𝑛 ⋅ 𝑤𝑛KOH

⎞
⎟

⎠

(A.11)

If it is further assumed that the produced gas consists of pure hydrogen then the outlet
partial pressure will be equal to the applied total pressure in the compartment 𝑗. In
the case that the total pressure equals the atmospheric pressure, 𝑝𝑗out,i = 101325𝑃𝑎.
Therefore, the equation (A.11) results in equation (A.12).

𝐾S,H2 = log10 [
𝜌H2O

𝑀H2O ⋅ 𝐻𝐻2 ⋅ (∑
5
𝑛=0 𝛼𝑛 ⋅ 𝑤𝑛KOH)

] (A.12)
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A.8.2. Oxygen Setchenov constant
The same procedure that has been followed for hydrogen will now be repeated for
oxygen. From the report of Walker et al. [61], the experimental results of J. Jolly
and S K. Shoor are listed in Table A.12. The experimental results of Knaster and
Apel’baum are listed in Table A.13. Together, they are plotted in Figure A.4 which is a
semilog plot. The results are limited to 80∘C.

Table A.12: Experimental results of J. Jolly and S K. Shoor for the solubility of oxygen in aqueous
KOH solutions [61].

𝑤KOH 𝜃 = 25∘C 𝜃 = 40∘C 𝜃 = 60∘C 𝜃 = 80∘C
0.0000 1.263 1.049 0.875 0.786

0.0500 0.825 0.684 0.605 0.584

0.1350 0.413 0.365 0.339 0.315

0.2300 0.155 0.145 0.139 0.137

0.3160 0.061 0.059 0.056 0.055

0.4070 0.018 0.020 0.019 0.020

0.5030 0.006

0.5065 0.006 0.005 0.006

Table A.13: Experimental results for the solubility of oxygen in aqueous KOH solutions [61] from
Knaster and Apel’baum.

𝑤KOH 𝜃 = 21∘C 𝜃 = 45∘C 𝜃 = 75∘C
0.053 0.897 0.712 0.597

0.191 0.336 0.288 0.244

0.305 0.102 0.0884 0.0812

0.401 0.0232 0.0201 0.01835

For the calculation of the oxygen Setchenov constant at any temperature and KOH
weight concentration within the required operational range, fittings to the experimental
solubility data should be provided. For the results of J. Jolly and S. K. Shoor, higher
order polynomial trendlines are introduced. The higher order polynomial trendlines
are described by equation (A.13). The coefficients of the higher order polynomial
trendlines are listed in Table A.14. Similarly to the hydrogen case, for intermediate
temperatures, the oxygen Setchenov constant will be estimated by giving as input the
solubility curve of the neighbouring point with the higher temperature.

𝑐∗,𝑗O2
=

4

∑
𝑛=0

𝛽𝑛 ⋅ 𝑤𝑛KOH (A.13)



A.8. Setchenov constants 103

0.0039063

0.0078125

0.015625

0.03125

0.0625

0.125

0.25

0.5

1

0 0.1 0.2 0.3 0.4 0.5 0.6

O
2

so
lu

bi
lit

y 
[m

o
l·m

-3
]

KOH mass fraction [-]

T=21°C T=25°C

T=40°C T=45°C

T=60°C T=75°C

T=80°C

Figure A.4: Experimental oxygen solubility in liquid KOH electrolyte

Table A.14: Coefficients of higher order polynomial trendlines for the oxygen experimental solubility
results.

𝜃(∘𝐶) 𝛽0 𝛽1 𝛽2 𝛽3 𝛽4
25 +1.18090 -8.07030 +20.2617 -21.1267 +6.98302

40 +0.948527 -5.87422 +12.5331 -9.10380 0

60 +0.777288 -3.40450 -2.26070 +30.6480 -38.7919

80 +0.801473 -4.84106 +10.1746 -7.36633 0

The oxygen Setchenov constant can be calculated in a similar way to the hydrogen
case. The final relation that describes the oxygen Setchenov constant will be the
equation (A.14).

𝐾S,O2 = log10 [
𝜌H2O

𝑀H2O ⋅ 𝐻𝑂2 ⋅ (∑
4
𝑛=0 𝛽𝑛 ⋅ 𝑤𝑛KOH)

] (A.14)



104 A. Appendix - Model properties from literature

A.9. Density of pure water
In the Setchenov constants for both H2 and O2 the pure water density is required. The
water density can be calculated from Ref. [71] as a function of temperature in 𝜃∘C.
The water density will be equal to:

𝜌H2O =(999.83952 + 16.945176 ⋅ 𝜃 − 7.9870401 ⋅ 10−3 ⋅ 𝜃2
−46.170461 ⋅ 10−6 ⋅ 𝜃3 + 105.56302 ⋅ 10−9 ⋅ 𝜃4

−280.54253 ⋅ 10−12 ⋅ 𝜃5) ⋅ (1 + 16.879850 ⋅ 10−3 ⋅ 𝜃) (A.15)

Where 𝜃 is the temperature in ∘C. The water density is calculated in kg m−3.

A.10. Properties of ”Type A” diaphragm
From the datasheet of the Type A diaphragm, it can be seen that the thickness of the
separator 𝑑d is 0.6 ± 10mm, and the pore volume is larger than 35%.

Figure A.5: Visualization of pore volume.

According to the manufacturer, the pore volume is defined as the percentage of
air that is trapped inside the cavities of the porous media. In Figure A.5, the porous
media is visualized by solid spheres in a cylindrical container. When the cylindrical
container is filled in with a liquid and the porous media is removed, the liquid that is
left in the cylindrical container represents the liquid volume that remained in the pores.
The volume of the liquid over the bulk volume of the porous media represents the pore
volume in %. In this sense, the pore volume is another definition for the porosity 𝜀.
From the datasheet of the manufacturer, the porosity is higher than 35%. Therefore,
for the developed model, the porosity of Type A diaphragm will be represented by
equation (A.16).

𝜀 = 0.35 (A.16)

The tortuosity 𝜏 is not given in the datasheet of the manufacturer. However, it can
be approximated by implementing a geometrical approach where the tortuosity is a
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function of the porosity. More specifically, according to Pisani et al. [67], the tortuosity
in porous media can be approximated with equation (A.17).

𝜏 = [1 − 𝛼 ⋅ (1 − 𝜀)] (A.17)

where 𝛼 is a shape factor that determines the configuration of the porous medium
which acts as an obstacle for the bulk flow. Assuming that the shape of polyethylene in
the Type A diaphragm is spherical, the shape factor will be 𝛼 ≈ 0.75. The substitution
of the shape factor 𝛼 in equation (A.17) results in:

𝜏 = 1.951 (A.18)
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steady-state material balances

The derivation of the final form of the steady-state material balances will be given
for the mass balances in the electrolysis cell. As explained in Chapter 3.2.2, the
outlet dissolved concentration of species 𝑖, in the half-cell 𝑗, equals the outlet dissolved
concentration of species 𝑖 in the gas separator of the half-cell 𝑗. Therefore, it is not
further required to analyze the mass balances in the gas separators.

B.1. Partial pressures in the steady-state model
In Chapter 3.5.2, it was explained that the goal in the steady-state model is the reduc-
tion of the unknown terms to the maximum possible. The existence of many unknown
terms complicates the selection of a correct set of initial conditions. Furthermore, it in-
creases the solution time. As a result, it is chosen to couple the outlet partial pressures
of the steady-state model with other unknown terms. In the following, the procedure
to express the outlet partial pressures as a function of the solubility and the outlet
dissolved concentration will be analyzed.

In Chapter 3.4.5, the implementation of Henry’s law in combination with the Setchenov
relation resulted in equation (3.71).

𝑐∗,𝑗𝑖 =
𝜌H2O ⋅ 𝑝

𝑗
out,𝑖

𝑀H2O ⋅ 101325 ⋅ 𝐻𝑖 ⋅ 10𝐾S,𝑖⋅𝑤KOH
(3.73)

Rearranging equation (3.71) as to the outlet partial pressure, results in equation (B.1).

𝑝𝑗out,i =
𝑀H2O

𝜌H2O
⋅ 𝑐∗,𝑗𝑖 ⋅ 𝐻𝑖 ⋅ 101325𝑃𝑎 ⋅ 10𝐾S,𝑖⋅𝑤KOH (B.1)

For the steady-state model, the hydrogen outlet partial pressures in the anodic
and cathodic half-cell are expressed by equation (B.1). Therefore, when 𝑖 = H2 and
𝑗 = ano, equation (3.84) is obtained.

𝑝anoout,H2
=
𝑀H2O

𝜌H2O
⋅ 𝑐∗,anoH2

⋅ 101325𝑃𝑎 ⋅ 𝐻H2 ⋅ 10
𝐾H2 ⋅𝑤KOH (3.86)

107
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When 𝑖 = H2 and 𝑗 = cat, equation (3.85) is obtained.

𝑝catout,H2
=
𝑀H2O

𝜌H2O
⋅ 𝑐∗,catH2

⋅ 101325𝑃𝑎 ⋅ 𝐻H2 ⋅ 10
𝐾H2 ⋅𝑤KOH (3.87)

For the oxygen partial pressures, equation (B.1) is not used. The implementation
of equation (B.1) for oxygen results in more unknown terms due to the 𝑐∗,𝑗𝑖 term. To
avoid the introduction of new terms, the oxygen outlet partial pressures are coupled
with the hydrogen outlet partial pressures.

In Chapter 3.4.2, the definition of the total pressure was given by implementing
equations (3.44)-(3.45).

𝑝anotot = 𝑝anoout,H2
+ 𝑝anoout,O2

+ 𝑝H2O (3.44)

𝑝cattot = 𝑝catout,H2
+ 𝑝catout,O2

+ 𝑝H2O (3.45)

Combining equations (3.44) and (3.84):

𝑝anotot =
𝑀H2O

𝜌H2O
⋅ 𝑐∗,catH2

⋅ 101325𝑃𝑎 ⋅ 𝐻H2 ⋅ 10
𝐾H2 ⋅𝑤KOH + 𝑝anoout,O2

+ 𝑝H2O (B.2)

Rearranging equation (B.2) results in equation (3.86).

𝑝anoout,O2
= 𝑝anotot − 𝑝H2O −

𝑀H2O

𝜌H2O
⋅ 𝑐∗,anoH2

⋅ 101325𝑃𝑎 ⋅ 𝐻H2 ⋅ 10
𝐾H2 ⋅𝑤KOH (3.88)

Similarly, the combination of equation (3.45) with (3.85) results in equation (3.87) for
the oxygen outlet cathodic partial pressure.

𝑝catout,O2
= 𝑝cattot − 𝑝H2O −

𝑀H2O

𝜌H2O
⋅ 𝑐∗,catH2

⋅ 101325𝑃𝑎 ⋅ 𝐻H2 ⋅ 10
𝐾H2 ⋅𝑤KOH (3.89)

B.2. Outlet gaseous volumetric flow rates
From the steady-state material balances it is possible to obtain a relation that ex-
presses the outlet gaseous volumetric flow rates in the anodic and cathodic half-cell
as a function of the solubilities and dissolved concentrations. In that sense, the num-
ber of unknown terms in the steady-state model is reduced.

In Chapter 3.2.1, the general form of the steady-state materials was given. The
general form of gaseous H2 in the anodic half-cell is given by equation (3.3).

0 = �̇�anoG
𝑅 ⋅ 𝑇 ⋅ (𝑝

ano
in,H2

− 𝑝anoout,H2
) − 𝑁anophys,H2

⋅ 𝐴anoGL (3.3)

In equation (3.3), the inlet partial pressure is zero since gaseous product cannot re-
enter the electrolysis cell. Rearranging equation (3.3) as to the anodic gaseous volu-
metric flow rate will give (B.3).

�̇�anoG = − 𝑅 ⋅ 𝑇
𝑝anoout,H2

⋅ 𝑁anophys,H2
⋅ 𝐴anoGL (B.3)
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Combining equations (B.3) and (3.84) will result in equation (3.88)

�̇�anoG = − 𝑅 ⋅ 𝑇
𝑀H2O

𝜌H2O
⋅ 𝑐∗,anoH2

⋅ 101325𝑃𝑎 ⋅ 𝐻H2 ⋅ 10
𝐾H2 ⋅𝑤KOH

⋅ 𝑁ano
phys,H2

⋅ 𝐴anoGL (3.90)

Similarly, the general form of the cathodic gaseous oxygen material balance is
given by equation (3.8).

0 = − �̇�
cat
G

𝑅 ⋅ 𝑇 ⋅ (𝑝
cat
in,O2

− 𝑝catout,O2
) − 𝑁catphys,O2

⋅ 𝐴catGL (3.8)

Since gaseous product cannot re-enter the electrolysis cell, the inlet partial pressure
in equation (3.8) can be neglected. Rearranging equation (3.8) as to the cathodic
gaseous volumetric flow rate will result in equation (B.4).

�̇�catG = − 𝑅 ⋅ 𝑇
𝑝catout,O2

⋅ 𝑁catphys,O2
⋅ 𝐴catGL (B.4)

The combination of equation (B.4) with equation (3.87) will give equation (3.89).

�̇�catG = − 𝑅 ⋅ 𝑇
𝑝cattot − 𝑝H2O −

𝑀H2O

𝜌H2O
⋅ 𝑐∗,catH2

⋅ 101325𝑃𝑎 ⋅ 𝐻H2 ⋅ 10
𝐾H2 ⋅𝑤KOH

⋅ 𝑁catphys,O2
⋅ 𝐴catGL

(3.91)

Overall, in Chapter 3.2.1, 8 mass balances were introduced. Since equations (3.3)
and (3.8) were used to deduce expressions for outlet gaseous volumetric flow rates
in the anodic and cathodic compartment, the mass balances in the final form will be
6, in total.





C
Appendix - Derivation of the final form of

dynamic material balances

The derivation of the final form of the dynamic material balances will be firstly analyzed
for the liquid phase which contains dissolved species in the electrolysis cell. Next, the
gaseous material balances for the electrolysis cell will be introduced. Similarly, the
same procedure will be followed for the gas separators.

C.1. Liquid material balances in the electrolysis cell
The generic form of the liquid material balances is described by equations (3.19),
(3.20), (3.23) and (3.24). To obtain the final form, equation (3.48) will be introduced
into the accumulation term of the material balances.

𝑁𝑗𝑖,liq = 𝑐
𝑗
out,𝑖 ⋅ 𝑉

𝑗
liq (3.48)

In addition, due to the assumption that the liquid volume remains constant, the liquid
volume 𝑉𝑗liq remains outside of the derivative. Taking as example the mass balance
that describes the dissolved hydrogen in the anodic half cell (3.19), it will be:

𝑑𝑁anoH2,liq
𝑑𝑡 = �̇�anoL ⋅ (𝑐anoin,H2

− 𝑐anoout,H2
) + 𝑁anophys,H2

⋅ 𝐴anoGL + 𝑁cross,H2 ⋅ 𝐴d (3.19)

Combining equation (3.48) with equation (3.19):

𝑉anoliq ⋅
𝑑𝑐anoout,H2

𝑑𝑡 = �̇�anoL ⋅ (𝑐anoin,H2
− 𝑐anoout,H2

) + 𝑁anophys,H2
⋅ 𝐴anoGL + 𝑁cross,H2 ⋅ 𝐴d (C.1)

Rearranging the left hand side of equation (C.1), it leads to the final form which is
described by equation (3.93).

𝑑𝑐anoout,H2

𝑑𝑡 = 1
𝑉anoliq

⋅ [�̇�anoL ⋅ (𝑐anoin,H2
− 𝑐anoout,H2

) + 𝑁anophys,H2
⋅ 𝐴anoGL + 𝑁cross,H2 ⋅ 𝐴d] (3.95)

Equation (3.93) describes the final form of the dynamic material balance for hydrogen
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being dissolved in the liquid electrolyte in the anodic compartment. Similar reason-
ing can be followed for equations (3.20), (3.23) and (3.24) which results in equations
(3.94), (3.97) and (3.98), respectively.

C.2. Gaseous material balances in the electrolysis cell
The generic form of the gaseous material balances is described by equations (3.21),
(3.22), (3.25) and (3.26). To obtain the final form of gaseous material balances, equa-
tion (3.50) needs to be introduced in the accumulation term of the gaseous material
balances.

𝑁𝑗𝑖,gas =
𝑝𝑗out,𝑖 ⋅ 𝑉

𝑗
gas

𝑅 ⋅ 𝑇 (3.50)

Due to the assumption made in Chapter 3.1.3, the gaseous volume in the 𝑗 compart-
ment remains steady and hence the term 𝑉𝑗gas remains outside the derivative. Fur-
thermore, the temperature 𝑇 is assumed to be constant with time. Taking as example
the mass balance for gaseous hydrogen in the anodic half-cell, its general form is
described by equation (3.21).

𝑑𝑁anoH2,gas
𝑑𝑡 = �̇�anoG

𝑅 ⋅ 𝑇 ⋅ (𝑝
ano
in,H2

− 𝑝anoout,H2
) − 𝑁anophys,H2

⋅ 𝐴anoGL (3.21)

Combining equation (3.50) with (3.21) and considering the previously mentioned as-
sumptions, will lead to equation (C.2):

𝑉anogas

𝑅 ⋅ 𝑇 ⋅
𝑑𝑝anoout,H2

𝑑𝑡 = −�̇�
ano
G
𝑅 ⋅ 𝑇 ⋅ 𝑝

ano
out,H2

− 𝑁anophys,H2
⋅ 𝐴anoGL (C.2)

Re-arranging (C.2) will result in the final form of gaseous hydrogen in the anodic half-
cell, which is described by equation (3.95).

𝑑𝑝anoout,H2

𝑑𝑡 = −�̇�
ano
G
𝑉anogas

⋅ 𝑝anoout,H2
− 𝑅 ⋅ 𝑇𝑉anogas

⋅ 𝑁anophys,H2
⋅ 𝐴anoGL (3.97)

In equation (3.95), the gaseous volumetric flow rate �̇�anoG remains an unknown
quantity. To define �̇�anoG , the final form of the dynamic material balance for oxygen in
the anode is also required. The dynamic material balance for oxygen in the anode is
given by equation (3.22).

𝑑𝑁anoO2,gas
𝑑𝑡 = �̇�anoG

𝑅 ⋅ 𝑇 ⋅ (𝑝
ano
in,O2

− 𝑝anoout,O2
) − 𝑁anophys,O2

⋅ 𝐴anoGL + 𝑓G,O2 ⋅ �̇�anoR,O2
(3.22)

Combining equation (3.50) with (3.22) will result in equation (C.3).

𝑉anogas

𝑅 ⋅ 𝑇 ⋅
𝑑𝑝anoout,O2

𝑑𝑡 = −�̇�
ano
G
𝑅 ⋅ 𝑇 ⋅ 𝑝

ano
out,O2

− 𝑁anophys,O2
⋅ 𝐴anoGL + 𝑓G,O2 ⋅ �̇�anoR,O2

(C.3)

Re-arranging equation (C.3) leads to the final form of gaseous oxygen in the anodic
half-cell which is described by equation (3.96).

𝑑𝑝anoout,O2

𝑑𝑡 = −�̇�
ano
G
𝑉anogas

⋅ 𝑝anoout,O2
− 𝑅 ⋅ 𝑇𝑉anogas

⋅ (𝑁anophys,O2
⋅ 𝐴anoGL − 𝑓G,O2 ⋅ �̇�anoR,O2

) (3.98)
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Even though equation (3.96) describes the final form of the gaseous material balance
for oxygen in the anode, it must be rearranged to obtain the anodic gaseous volumetric
flow rate �̇�anoG . For that reason, the relation which describes the total pressure in the
anodic compartment as a function of the partial pressures can be introduced in the
accumulation term of equation (3.96). The total pressure in the anodic half-cell is
given by equation (3.44).

𝑝anotot = 𝑝anoout,H2
+ 𝑝anoout,O2

+ 𝑝H2O (3.44)

Introducing equation (3.44) in the accumulation term of equation (3.96) results in equa-
tion (C.4):

𝑑 (𝑝anotot − 𝑝anoout,H2
− 𝑝H2O)

𝑑𝑡 = −�̇�
ano
G
𝑉anogas

⋅ 𝑝anoout,O2
− 𝑅 ⋅ 𝑇𝑉anogas

⋅ (𝑁anophys,O2
⋅ 𝐴anoGL − 𝑓G,O2 ⋅ �̇�anoR,O2

)
(C.4)

Assuming that the total pressure and the water vapour pressure remain constant with
time, equation (C.4) can be rewritten:

−
𝑑𝑝anoout,H2

𝑑𝑡 = −�̇�
ano
G
𝑉anogas

⋅ 𝑝anoout,O2
− 𝑅 ⋅ 𝑇𝑉anogas

⋅ (𝑁anophys,O2
⋅ 𝐴anoGL − 𝑓G,O2 ⋅ �̇�anoR,O2

) (C.5)

The final step required to obtain the anodic gaseous volumetric flow rate will be to
add up equations (3.22) and (C.5). In this way, the derivative with the hydrogen outlet
partial pressure will cancel out, and the term �̇�anoG will be a function of the unknown
terms of Table 3.4.

𝑑𝑝anoout,H2

𝑑𝑡 = −�̇�
ano
G
𝑉anogas

⋅ 𝑝anoout,H2
− 𝑅 ⋅ 𝑇𝑉anogas

⋅ 𝑁anophys,H2
⋅ 𝐴anoGL (3.22)

−
𝑑𝑝anoout,H2

𝑑𝑡 = −�̇�
ano
G
𝑉anogas

⋅ 𝑝anoout,O2
− 𝑅 ⋅ 𝑇𝑉anogas

⋅ (𝑁anophys,O2
⋅ 𝐴anoGL − 𝑓G,O2 ⋅ �̇�anoR,O2

) (C.5)

(3.22)+(𝐶.5)−−−−−−−−→ 0 = −�̇�
ano
G
𝑉anogas

⋅ (𝑝anoout,H2
+ 𝑝anoout,O2

) − 𝑅 ⋅ 𝑇𝑉anogas
⋅ (𝑁anophys,H2

⋅ 𝐴anoGL

+𝑁anophys,O2
⋅ 𝐴anoGL − 𝑓G,O2 ⋅ �̇�anoR,O2

) (C.6)

Rearranging equation (C.6) results in the required expression for the gaseous outlet
volumetric flow rate which is described by equation (3.103).

�̇�anoG = − 𝑅 ⋅ 𝑇
𝑝anotot − 𝑝H2O

⋅ (𝑁anophys,H2
⋅ 𝐴anoGL + 𝑁anophys,O2

⋅ 𝐴anoGL − 𝑓G,O2 ⋅ �̇�anoR,O2
) (3.105)

Following the same procedure for the gaseous material balances in the cathodic com-
partment, the final form of equations (3.25) and (3.26) will be represented by equations
(3.99) and (3.100), respectively. Similarly, it can be proven that the gaseous volumet-
ric flow rate in the cathode will be given by equation (3.104).



114 C. Appendix - Derivation of the final form of dynamic material balances

C.3. Liquid material balances in the gas separators
The general form of the liquid material balances for the gas separators is given by
the equations (3.27), (3.28), (3.31) and (3.32). Taking as example the liquid material
balance for hydrogen in the anodic gas separator, its general material balance is given
by equation (3.27).

𝑑𝑁ano,sepH2,liq
𝑑𝑡 = �̇�anoL ⋅ (𝑐anoout,H2

− 𝑐sep,anoout,H2
) (3.27)

To obtain the final form of the dynamic material balances, equation (3.49) must be
introduced into the accumulation term of the general form of the liquid material bal-
ances.

𝑁𝑗,sep𝑖,liq = 𝑐sep,𝑗out,𝑖 ⋅ 𝑉
sep,𝑗
liq (3.49)

Due to the assumption that the liquid volume in the gas separator remains constant
with time, the term 𝑉sep,𝑗liq remains outside of the derivative.

Introducing equation (3.49) into the accumulation term of equation (3.27) leads to
(C.7):

𝑑 (𝑐sep,anoout,H2
⋅ 𝑉sep,anoliq )
𝑑𝑡 = �̇�anoL ⋅ (𝑐anoout,H2

− 𝑐sep,anoout,H2
) (C.7)

Rearranging equation (C.7), results in equation (C.8), which is the final form of the
mass balance for dissolved hydrogen in the anodic gas separator, and obeys equation
(3.101).

𝑑𝑐sep,anoout,H2

𝑑𝑡 = �̇�anoL

𝑉sep,anoliq
⋅ (𝑐anoout,H2

− 𝑐sep,anoout,H2
) (C.8)

Following the same procedure for the general form of the material balances (3.28),
(3.31) and (3.32), the final form will also obey equation (3.101).

C.4. Gaseous material balances in the gas separators
The general form of the gaseous material balances in the gas separators is given by
equations (3.29), (3.30), (3.33) and (3.34). Taking as example the gaseous material
balance for hydrogen in the anodic gas separator, its general material balance is given
by equation (3.29).

𝑑𝑁ano,sepH2,gas
𝑑𝑡 = �̇�anoG

𝑅 ⋅ 𝑇 ⋅ (𝑝
ano
out,H2

− 𝑝sep,anoout,H2
) (3.29)

To obtain the final form of the dynamic material balances equation (3.51) must be
introduced into the accumulation term of the general form of the gaseous material
balances.

𝑁𝑗,sep𝑖,gas =
𝑝sep,𝑗out,𝑖 ⋅ 𝑉

sep,𝑗
gas

𝑅 ⋅ 𝑇 (3.51)

Due to the assumption that the gaseous volume in the gas separator remains con-
stant with time, the term 𝑉sep,𝑗gas remains outside of the derivative. Furthermore, the
temperature in the gas separator can be assumed to be steady with time.
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Introducing equation (3.51) into the accumulation term of equation (3.29), leads to
equation (C.9):

𝑑 (
𝑝sep,anoout,H2 ⋅𝑉

sep,ano
gas

𝑅⋅𝑇 )

𝑑𝑡 = �̇�anoG
𝑅 ⋅ 𝑇 ⋅ (𝑝

ano
out,H2

− 𝑝sep,anoout,H2
) (C.9)

Rearanging equation (C.9) by considering the previously mentioned assumptions,
equation (C.10) is obtained. The equation (C.10) is the final form of the general ma-
terial balance for gaseous hydrogen in the anodic gas separator, and obeys equation
(3.102).

𝑑𝑝sep,anoout,H2

𝑑𝑡 = �̇�anoG

𝑉sep,anogas
⋅ (𝑝anoout,H2

− 𝑝sep,anoout,H2
) (C.10)

Following the same procedure for the general form of the material balances (3.30),
(3.33) and (3.34), their final form will also obey equation (3.102).





D
Dynamic modeling for safe operation of
alkaline water electrolysers to control

gas crossover

Abstract
Climate change due to the extensive use of fossil fuels has led to the deployment of
green hydrogen. Due to the intermittency of renewable sources, alkaline water elec-
trolysers are forced to operate in their part-load range, where the gas crossover is high.
The increasing gas crossover lowers the purity of the produced gases and poses a
threat to the safe operation of the system. To mitigate the gas crossover in the part-
load range we propose to operate the alkaline water electrolysers with the dynamic
switching of electrolyte cycles. This alternative process operation is mathematically
modeled and validated with literature data. Furthermore, a sensitivity analysis is per-
formed for the dynamic model. From the results of the sensitivity analysis, we find that
the system response, in terms of the anodic hydrogen content, is significantly affected
by the liquid and gaseous volume of the gas separators.

D.1. Introduction
Global warming is one of the greatest challenges of the 21st century. It can be at-
tributed to greenhouse gas (GHG) emissions that trap the heat in the atmosphere and
cause the temperature to rise [2]. The main contributor to GHG is carbon dioxide
(CO2). An option to reduce the CO2 emissions can be made by using Green Hy-
drogen. It contains the term green because renewable electricity is used to produce
hydrogen via the application of the water-splitting reaction in the electrolysis process
(reaction D.3). Its production does not give rise to CO2 emissions if the carbon inten-
sity of the used electricity is zero.

In this paper, the dynamic model to calculate the gas crossover is applied to an
alkaline water electrolyser. Alkaline water electrolysis (AWE) is the most mature and
robust electrolysis technology. The first AWE was demonstrated by Van Troostwijk
and Deinman in 1789 [15]. The electrolysis cell consists of two porous electrodes,
namely the anode and the cathode. The electrodes are immersed in a strong liquid
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alkaline electrolyte which is either potassium hydroxide KOH, or sodium hydroxide
NaOH and provides the required ionic conductivity. The anode and the cathode are
separated by a porous solid diaphragm. The role of the diaphragm is to avoid the gas
crossover of the evolved gases and to allow the required conduction of hydroxide ions
from the cathode to the anode.

Cathode ∶ 2H2O + 2𝑒− ⟶ 2OH− +H2 (D.1)
Anode ∶ 2OH− ⟶ 0.5O2 + H2O + 2𝑒− (D.2)
Overall Reaction ∶ H2O ⟶ H2 + 0.5O2 (D.3)

When DC power is supplied to the electrolysis cell, H2O molecules are reduced at the
cathode, and H2 with OH− ions are produced. This reaction (D.1) is often called the
hydrogen evolution reaction (HER). At the same time, hydroxide ions are conducted
via the diaphragm on the anode side, where they are subject to the oxidation reaction,
and they lose electrons (D.2). As a result, oxygen and water molecules are produced.
This reaction is often called the oxygen evolution reaction (OER).

The intermittency of renewables results in fluctuations in the power grid. In such
conditions, the electrolysers must be able to operate in the part-load range to produce
green hydrogen. Normally, the part-load range varies from 20-40% of their nominal
load [12]. During the alkaline water electrolysis process in the part-load range, pro-
duced hydrogen species can be contaminated by oxygen, or the opposite, resulting
in the creation of an explosive atmosphere. This contamination is often called gas
crossover and is more significant under the part load operational range. When the al-
kaline water electrolysers operate close to their nominal load range, the gas crossover
becomes significantly smaller [12].

The explosive atmosphere is created because the hydrogen-oxygen mixture can
lead to spontaneous combustion if the concentration of the contaminating species
reaches 4 vol%, which is the Lower Explosive Limit (LEL) [14]. Therefore, when the
electrolysers operate in the part-load range, such fluctuations can introduce risks to
their safe operation and are forced to shut down. Typically, they shut down when the
concentration of impurity reaches 2 vol%, which is 50% of the LEL [14]. Due to the
contamination of hydrogen, the resulting gas purity will be reduced as will the overall
efficiency of the process.

To mitigate gas crossover we study the operation of alkaline water electrolysers
with the dynamic switching of electrolyte cycles which was first introduced by Haug
et al. [40]. During the dynamic switching, the system operates for a specific time in
a mixed mode, and then it switches to a partly-separated mode. In the mixed mode,
the anolyte and catholyte are continuously being mixed and gas crossover occurs due
to electrolyte mixing and diffusion through the diaphragm. The electrolyte mixing is
required to avoid the concentration gradient of KOH due to the half-reactions. Ac-
cording to Trinke et al. [41], electrolyte mixing is the major contributor to the total gas
crossover in the alkaline water electrolysis process. When the system switches to a
partly-separated mode, gas crossover occurs due to diffusion through the diaphragm
and the gas impurity reduces. The switching from the mixed to the partly-separated
mode results in a sinusoidal trend where the average impurity is lower than the impu-
rity in the mixed mode.

In the literature, the report of Haug et al. [34] focuses onmodeling the gas crossover
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mechanisms in an alkaline water electrolyser plant. In this zero-dimensional model,
steady-state material balances consider the gas crossover mechanisms due to elec-
trolyte mixing and diffusion through the diaphragm. The model is a function of current
density, temperature, lye flow rate, and KOH concentration. The results are verified
with experimental data.

Sanchez et al. [72] developed a MATLAB model where the anodic hydrogen con-
tent is calculated with semi empirical correlations as a function of the current density.
However, since this model is developped with semi empirical correlations based on
experiments, the gas crossover mechanisms are not considered in detail.

Sakas et al. [73] developed a dynamic Simulink model to calculate the produced
mass flow rate and the polarization curve. This model does not consider the purity of
the produced gas at the exit of the gas separators and the gas crossover mechanisms.

Finally, de Groot et al. [74] developed a steady state model which calculates the
gas impurity. The difference with the model of Haug et al. [34] lies in the fact that gas
crossover due to differential pressure through the diaphragm is also considered.

D.2. Mathematical Model
The present paper focuses on the development of a zero-dimensional dynamic model
that can simulate the dynamic switching operation in terms of the anodic hydrogen
content. The dynamic model can calculate the gas purity at the exit of the gas separa-
tors as a function of the operating conditions of the process. The operating conditions
are the current density, the applied pressure, the KOH mass fraction, the liquid volu-
metric flow rate and the liquid volume in the gas separators.

D.2.1. Assumptions for the electrolysis cell
In Figure D.1, the mass balance in the single-cell is shown. When the electrolysis pro-
cess starts, hydrogen is produced in the cathode �̇�catR,H2

, and oxygen is produced in the
anode �̇�anoR,O2

. The production rate on the electrodes obeys Faraday’s law. Due to the
mass transfer limitations in gas evolving electrodes [33, 36], a part of the total prod-
uct is transferred to the liquid phase and the rest is directly transferred to the gaseous
phase. The part of the product that is transferred to the liquid phase remains dissolved
and is described by the variable 𝑐𝑗out,𝑖. At this point, it is assumed that each compart-
ment follows the continuous-stirred-tank model (CSTR) [53]. More specifically, each
half cell can be considered a reactor whose contents are perfectly mixed. The reactor
consists of continuous inflow and outflow. As a result, the concentration and temper-
ature throughout the reactor are uniform. Due to the perfect mixing assumption, the
contents of the reactor can outflow immediately.

In practice, the liquid volumetric flow rate that enters the anode �̇�anoL , is equal to the
volumetric flow rate that enters the cathode �̇�catL , since it can be regulated by a pump
before the cell entrance (Figure D.3). Furthermore, it is assumed that the outlet volu-
metric flow rate equals the inlet. This assumption is required to simplify the material
balances. The part of the product that is transferred to the gaseous phase is assumed
to obey the ideal gas law, due to atmospheric operation. The bubbles which contain
the gaseous products are assumed to be monodisperse and perfectly spherical, and
any coalescence effects due to hydrodynamic phenomena are not taken into consid-
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eration. Finally, it is assumed that no gaseous product can be recirculated throughout
the system. Therefore, the inlet volumetric flow rate is gas-free.

The products that remain dissolved in the electrolyte bulk can be transferred to
the gaseous phase via a subsequent mass transfer step 𝑁𝑗phys,𝑖 or can cross perme-
ate through the diaphragm to the opposite half cell via the 𝑁cross,𝑖 flux. In the first
case, the subsequent mass transfer step can be achieved by a desorption flux due
to the supersaturation of dissolved species in the liquid electrolyte and can be mod-
eled via the film theory [35]. The desorption flux takes place between the bulk liquid
electrolyte and the product bubbles (close-up in Figure D.1). In the second case, it is
assumed that the cross-permeation flux through the diaphragm is achieved only due
to the diffusion of dissolved species in the bulk electrolyte (Fick’s Law). The gaseous
phase cannot cross-permeate through the diaphragm. The electrolyser operates in
low pressure, close to atmospheric, and hence the convective mass transfer due to
differential pressure through the diaphragm (Darcy’s Law) can be neglected. Finally,
it is assumed that there is no additional mass transfer in the interconnecting piping.

D.2.2. Assumptions for the gas separators
After the dissolution of the products in the liquid electrolyte and the formation of the
resulting product gases in the electrolysis cell, the two-phase mixture is directed to the
gas separators (Figure D.2). For visualization purposes, the two-phase mixture is de-
picted as two different streams. The inflow and outflows of each gas separator consist
of the products from both the half cells due to gas crossover. When the electrolyser
operates in “mixed mode”, the liquid electrolyte that contains the dissolved species
𝑐sep,𝑗out,𝑖 is directed to an ideal mixer, where it is mixed with the dissolved species that
exit from the opposite gas separator. Therefore, crossover due to electrolyte mixing
occurs. When the electrolyser switches to “partly separated mode”, the liquid elec-
trolyte which outflows from the gas separator 𝑐sep,𝑗out,𝑖 can be directed to the half-cell
without mixing.

The gas separators are also modeled as CSTR ideal reactors. However, in com-
parison to the electrolysis cell, there is no reaction. When a specific current density is
applied to the electrolyser, there is always a transition time required for the system to
reach its steady state. The CSTR assumption is essential such that the transition time
to equilibrium can be accurately modeled. The quantities which define the transition
time required for the system to reach equilibrium are the liquid 𝑉sep,𝑗liq and the gaseous
volume 𝑉sep,𝑗gas of each gas separator. Finally, the gas separators are assumed to be
100% percent efficient, and hence there is no additional mass transfer from the liquid
electrolyte to the gaseous phase.

D.2.3. Simplified process flow diagram
Figure D.3 shows the simplified process flow diagram of the modeled electrolysis
plant. In the simplified process flow diagram, the liquid level equalizer tube and the
feedwater stream in the cathodic gas separator are not included. The liquid level
equalizer tube is required to keep the liquid level of the gas separators equal due to
the reduction and oxidation reactions. The conservation of equal liquid levels between
the gas separators means that there is no differential pressure build-up between the
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anodic and cathodic half cells. In addition the gas crossover due to the existence of
the liquid level equalizer tube is negligible [40]. The role of the feedwater stream is
to compensate for the water consumed due to gas production. As a result, instead of
including these additional streams in the mathematical model, the liquid and gaseous
volumes in the gas separators 𝑉sep,𝑗liq and 𝑉sep,𝑗gas are assumed to be steady with time.
Additional mass transfer phenomena which may take place inside the gas separator
are neglected.

The liquid and gaseous volumes inside the electrolysis half cells 𝑉𝑗liq and 𝑉
𝑗
gas are

also assumed to be steady with time (see Figure D.3). Due to the CSTR model, it is
reasonable to assume that the application of a current density results in gas evolution
immediately. Therefore, for a specific current density, it is assumed that the evolved
gases instantly reach their steady state which is represented by the steady liquid and
gaseous volumes in the half cells. To visualize the liquid and gaseous volumes inside
the electrolyser, the bubbly flow is depicted as two distinct areas (turquoise color for
liquid volume, grey color for gaseous volume). The same holds for the gas separators.

Finally, the liquid and gaseous flow rates �̇�𝑗L and �̇�
𝑗
G are depicted in the simplified

process flow diagram. It is assumed that the flow rates are determined in the elec-
trolysis cell and do not change throughout the process. As a result, the gaseous flow
rate is calculated from the mathematical equations of the electrolysis cell and its value
remains the same at the exit of the gas separator. When the system operates in mixed
mode, the flow rate at the exit of the ideal mixer is �̇�mix.

D.2.4. Material balances
In Figure D.1 it is assumed that the positive sign convention for the crossover flux,
𝑁𝑖cross, is from the cathodic to the anodic compartment. This is due to the higher ca-
thodic bulk concentration of hydrogen in comparison to the anodic. For the oxygen
species, the crossover flux will have a negative sign. The crossover flux is integrated
over the diaphragm area 𝐴d. The positive sign convention for the mass transfer flux in
the electrolyte bulk, 𝑁𝑗phys,𝑖, is from the gaseous to the liquid phase (Close-up in Fig-
ure D.1). However, due to the fact that electrolyte bulk is supersaturated, the mass
transfer flux has a negative sign and is governed by desorption [33]. The desorptive
mass flux is integrated over the gas-liquid interface 𝐴GL. The produced species in
the electrode region, 𝑛catR,H2

and 𝑛anoR,O2
, firstly dissolve in the concentration boundary

layer [30]. However, due to high supersaturation in the concentration boundary layer
a part of the produced species is transferred directly to the gaseous phase [29, 75].
The amount of the produced species that is transferred to the gaseous phase, in the
concentration boundary layer, can be quantified by the gas evolution efficiency 𝑓G,𝑖
[70]. The dynamic material balances for the electrolysis cell and the gas separators
are given from equations (D.4)-(D.8).

Dissolved species 𝑖, in the anodic half-cell:

𝑑𝑐anoout,𝑖
𝑑𝑡 = 1

𝑉anoliq
⋅ [�̇�anoL ⋅ (𝑐anoin,𝑖 − 𝑐anoout,𝑖) + 𝑁ano

phys,𝑖 ⋅ 𝐴anoGL

+𝑁cross,𝑖 ⋅ 𝐴d + (1 − 𝑓G,𝑖) ⋅ �̇�anoR,𝑖 ] (D.4)
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Dissolved species 𝑖, in the cathodic half-cell:

𝑑𝑐catout,𝑖
𝑑𝑡 = 1

𝑉catliq
⋅ [�̇�catL ⋅ (𝑐catin,𝑖 − 𝑐catout,𝑖) + 𝑁cat

phys,𝑖 ⋅ 𝐴catGL

−𝑁cross,𝑖 ⋅ 𝐴d + (1 − 𝑓G,𝑖) ⋅ �̇�catR,𝑖 ] (D.5)

Gaseous species 𝑖 in the 𝑗 half-cell:

𝑑𝑝𝑗out,𝑖
𝑑𝑡 = − �̇�𝑗G

𝑉𝑗gas
⋅ 𝑝𝑗out,𝑖 −

𝑅 ⋅ 𝑇
𝑉𝑗gas

⋅ (𝑁𝑗phys,𝑖 ⋅ 𝐴
𝑗
GL − 𝑓G,𝑖 ⋅ �̇�

𝑗
R,𝑖) (D.6)

Dissolved species 𝑖, in the gas separator of 𝑗 half-cell:

𝑑𝑐sep,𝑗out,𝑖
𝑑𝑡 = �̇�𝑗L

𝑉sep,𝑗liq

⋅ (𝑐𝑗out,𝑖 − 𝑐
sep,𝑗
out,𝑖 ) (D.7)

Gaseous species 𝑖, in the gas separator of 𝑗 half-cell:

𝑑𝑝sep,𝑗out,𝑖
𝑑𝑡 = �̇�𝑗G

𝑉sep,𝑗gas
⋅ (𝑝𝑗out,𝑖 − 𝑝

sep,𝑗
out,𝑖 ) (D.8)

Where the species 𝑖 can be H2 or O2, and the compartment 𝑗 can be the anodic or
cathodic. Therefore, in total there are 16 mass balances and 16 unknowns.

The reaction rate �̇�𝑗R,𝑖 obeys Faraday’s Law and is given by equation (D.9).

�̇�𝑗R,𝑖 =
𝐽𝜈𝑖
𝑛𝐹 (D.9)

The stoichiometric number 𝜈𝑖 will be 𝜈H2 = 1 for hydrogen which is produced in the
cathode, and 𝜈O2 = 0.5 for oxygen which is produced in the anode, when the charge
transfer equals 𝑛 = 2 from reactions (D.1) and (D.2).

The mass transfer flux in the electrolyte bulk 𝑁𝑗phys,𝑖 can be modeled with the liquid
film theory. Assuming that in the gaseous interface there is not any mass transfer
resistance, the gaseous film can be neglected. In addition, it is assumed that the gas-
liquid interface is in phase equilibrium and is governed by an equilibrium concentration
𝑐∗,𝑗𝑖 , the concentration gradient is linear, and the electrolyte bulk concentration is equal
to 𝑐anoout,𝑖. As a result, molecular diffusion which obeys the film theory only occurs with
a driving force 𝑐∗ − 𝑐out and is given by equation (D.10).

𝑁𝑗phys,𝑖 = 𝑘
𝑗
L,𝑖 ⋅ (𝑐

∗,𝑗
𝑖 − 𝑐𝑗out,𝑖) (D.10)

Where 𝑘𝑗L,𝑖, is the mass transfer coefficient and can be modeled by applying the em-
pirical Sherwood correlations [34]. The equilibrium concentration of species 𝑖 in the 𝑗
compartment, 𝑐∗,𝑗𝑖 , can be expressed as a function of the outlet partial pressure, 𝑝𝑗out,𝑖,
which is given in Pa, by combining Henry’s law and the Setchenov relation, in equation
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(D.11). This equation requires experimental data for the Henry’s constant of species
𝑖 [59], the Setchenov constant of species 𝑖 [34], and the density of pure water [71].

𝑐∗,𝑗𝑖 =
𝜌H2O ⋅ 𝑝

𝑗
out,𝑖

𝑀H2O ⋅ 101325 ⋅ 𝐻𝑖 ⋅ 10𝐾S,𝑖⋅𝑤KOH
(D.11)

Where, 𝜌H2O is the density of pure water in kgm
−3,𝑀H2O is the molar mass of water in

kgmol−1, 𝐻𝑖 is the Henry’s constant in atm, 𝐾S,𝑖 is the Setchenov constant of species
𝑖, and 𝑤KOH is the KOH mass fraction in wt%.

The crossover flux 𝑁cross,𝑖 can be modeled with the Nernst-Planck equation in
1D, by considering only the contribution due to diffusion through the diaphragm. The
concentration gradient through the diaphragm is assumed to be linear.

𝑁cross,𝑖 =
𝐷eff𝑖
𝑑d

⋅ (𝑐catout,𝑖 − 𝑐anoout,𝑖) (D.12)

Where 𝑑𝑑 is the thickness of the diaphragm, and 𝐷eff𝑖 is the effective diffusion coef-
ficient of species 𝑖. The effective diffusion coefficient is a function of the molecular
diffusion coefficient of species 𝑖 in the liquid electrolyte, and the design characteristics
of the diaphragm which are the porosity 𝜀 and tortuosity 𝜏.

𝐷eff𝑖 = 𝐷𝑖,𝜃
𝜀
𝜏 (D.13)

The molecular diffusion coefficient of species 𝑖, 𝐷𝑖,𝜃 is given by the experimental re-
sults of Tham et al. [58], in m2 s−1. The diaphragm used in the dynamic model is
the Zirfon UTP 500 by Agfa. The thickness of the diaphragm is 𝑑𝑑 = 500𝜇𝑚 and its
porosity is 𝜀 = 55% [17]. The tortuosity of the Zirfon diaphragm is found from the
work of Haug et al.[34] and is equal to 𝜏 = 3.14.

Finally, the gas evolution efficiencies for hydrogen and oxygen are given from
equations (D.14)-(D.15) which are experimentally characterized by Haug et al. [34].

𝑓G,H2 = 0.25744 ⋅ (𝐽/Am−2)0.14134 (D.14)

𝑓G,O2 = 1 (D.15)

Where 𝐽 is the applied current density.

D.2.5. Boundary conditions
During the dynamic switching of electrolyte cycles process, the plant operates for a
specific time range in a mixed mode, and then it switches to the partly-separated
mode. The boundary conditions are associated with the outflows of the gas separa-
tors.

During the mixed-mode, both electrolyte cycles are mixed before re-entering the
electrolysis cell. Assuming that the liquid electrolyte is incompressible during both
modes of operation, the mixed liquid volumetric flow rate �̇�mix is equal to:

�̇�mix = �̇�anoL + �̇�catL (D.16)
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The mixed liquid concentration of the dissolved species at the exit of the ideal mixer
are equal to the inlet concentration in both half cells:

𝑐mix
𝑖 = 𝑐𝑗in,𝑖 (D.17)

The dissolved mixed concentration 𝑐mix
𝑖 can be found by applying a mass balance for

the ideal mixer before the inlet of the electrolysis cell (see Figure D.3) for each species
𝑖.

�̇�mix ⋅ 𝑐mix
𝑖 = �̇�anoL ⋅ 𝑐sep,anoout,𝑖 + �̇�catL ⋅ 𝑐sep,catout,𝑖 (D.18)

When the simplified alkaline water electrolysis plant switches to the partly-separated
mode, the liquid electrolyte stream that exits its gas separator re-enters its correspond-
ing half-cell without mixing with the stream from the opposite half-cell. As a result,
since it is assumed that there is no additional mass transfer in the interconnecting
piping, the liquid concentration of the species at the inlet of the half-cell 𝑐𝑗in,𝑖 is equal
to the liquid concentration of the species at the exit of the gas separators 𝑐sep,𝑗out,𝑖 .

𝑐anoin,𝑖 = 𝑐
sep,ano
out,𝑖 (D.19)

The simulation of the dynamic switching can be achieved by the changeover of the
mixed and partly-separated mode via the boundary conditions (D.18) and (D.19), as
a function of time.

In the work of Leroy et al. [54], hydrogen and oxygen species that are produced in
the vicinity of the electrode are “wet”. Therefore, the produced gases consist of water
vapor which is in equilibrium with the water from the liquid electrolyte solution. The
water vapor partial pressure 𝑝H2O which is in equilibrium with the electrolyte solution
can be calculated based on the work by Balej et al. [55].

Considering the cross-permeated product, the total pressure exerted on the gaseous
product in each half cell is equal to the sum of the partial pressures of the produced
gases and water vapour.

𝑝𝑗tot = 𝑝𝑗out,H2
+ 𝑝𝑗out,O2

+ 𝑝H2O (D.20)

To define the total pressure 𝑝𝑗tot, the approach of Haug et al. [34] is followed.
More specifically, the connection of the gas separators with the atmosphere results
in the exertion of an absolute pressure 𝑝𝑗 on the liquid electrolyte which is equal to
the atmospheric pressure. During electrolysis, the gaseous product in the half-cell
builds up a pressure difference Δ𝑝𝑔→𝑙 with respect to the absolute pressure of the
liquid electrolyte, due to the effect of the surface tension. The pressure difference
Δ𝑝𝑔→𝑙 between the liquid and gaseous phase can be calculated by implementing the
Young-Laplace equation [76].

𝑝𝑗tot = 𝑝𝑗 − Δ𝑝𝑔→𝑙 = 𝑝𝑗 + 𝛾
4
𝑑𝑗b

(D.21)

Where the bubble diameter has been experimentally characterized by Haug et al.
[34], and the surface tension in the liquid electrolyte can be calculated in Nm−1, as a
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function of the applied temperature and KOHmass fraction from the work of Feldkamp
[56].

Finally, the H2 in O2 impurity is obtained as the mole fraction of gaseous H2 without
taking into account water vapour.

𝑦H2 =
𝑝sep,anoout,H2

𝑝sep,anoout,H2
+ 𝑝sep,anoout,O2

(D.22)

D.2.6. Input parameters and system solution
The dynamic mass balances require the definition of the liquid and gaseous volumes
inside the half-cells, 𝑉𝑗liq and 𝑉

𝑗
gas, and the gas separators 𝑉sep,𝑗liq 𝑉sep,𝑗gas . The gaseous

volume in the half-cell 𝑗 can be calculated by considering the experimental investi-
gations of Haug et al. [34], for the gas hold-up fraction 𝜀𝑗g,out. More specifically, the
gaseous volume in the half-cell 𝑗 can be calculated from equation (D.23).

𝑉𝑗gas = 𝜀𝑗g,out ⋅ 𝑉𝑗b ⋅
𝑝𝑗

𝑝𝑗tot
(D.23)

Where 𝜀𝑗g,out is the gas hold-up fraction at the outlet of the half-cell 𝑗, and 𝑉𝑗b is the
volume of a single bubble inm3. The gas hold-up fraction is given as a function of the
current density and can be calculated from equation.

𝜀𝑗g,out = 𝑋1 − 𝑋2 ⋅ 𝑋𝐽3 (D.24)

where 𝐽 is the current density in kAm−2 and the coefficients 𝑋1, 𝑋2 and 𝑋3 are given
in Table D.1, depending on the half-cell. The volume of the single bubble, 𝑉𝑗b, is given
from equation (D.25).

𝑉𝑗b =
𝜋
6 ⋅ (𝑑

𝑗
b)
3

(D.25)

where the diameter of the produced bubbles in the half-cell 𝑗 is calculated by the
experimental results of Haug et al. [34], in 𝑚.

𝑑catb = 593.84 ⋅ 10−6 ⋅ (1 + 0.2𝐽)−0.25 (D.26)

𝑑anob = 10−4 (D.27)
Considering the volume of the half-cell, the liquid volume in the half-cell can be calcu-
lated from equation (D.28).

𝑉𝑗liq = 𝑉hcell − 𝑉
𝑗
gas (D.28)

The total gaseous volume in each half-cell and its associated gas separator is
reported to be equal to 𝑉tot,𝑗gas = 1.6 L [34]. Furthermore, the liquid volume in each gas
separator 𝑗 is reported to be equal to 𝑉sep,𝑗liq = 1.2 L [34]. Therefore, the liquid and
gaseous volumes in the gas separators are equal to:

𝑉sep,𝑗gas = 1.6 ⋅ 10−3 − 𝑉𝑗gas m3 (D.29)

𝑉sep,𝑗liq = 1.2 ⋅ 10−3 m3 (D.30)
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The gas liquid interface can be calculated from equation (D.31).

𝐴𝑗GL =
𝑉𝑗gas
𝑉𝑗b

⋅ 𝑆𝑗b (D.31)

Where 𝑆𝑗b is the surface area of a single bubble in the half-cell 𝑗 and is given from
equation (D.32).

𝑆𝑗b = 𝜋 ⋅ (𝑑
𝑗
b)
2

(D.32)

For the calculation of the mass transfer coefficient 𝑘𝑗L,𝑖 and the implementation of
the Sherwood empirical correlations, it is required the density of the liquid electrolyte
𝜌L which is given in kgm−3 from the paper of Gilliam et al. [57], as a function of
the operating temperature and KOH mass fraction in wt%. Furthermore, it is required
the dynamic viscosity of liquid electrolyte, 𝜇L, which is obtained from Ref. [34] and is
calculated in Pas.

The model that simulates the dynamic switching of electrolyte cycles runs for the
operating conditions of the experiment [40]. More specifically, the applied current
density equals 𝐽 = 1 kAm−2, the applied temperature is 𝑇 = 80 ∘C, the applied
pressure is 𝑝ano = 𝑝cat = 1 bar, the liquid volumetric flow rate is �̇�anoL = �̇�catL =
0.33 Lmin−1, and the KOH mass fraction of the liquid electrolyte is 𝑤KOH = 32 wt%.
The calculated properties for the operating conditions of the model are shown in Table
D.2. The design characteristics of the electrolysis plant are summarized in Table.

Finally, the ordinary differential equations are solved by implementing the odeint
function from the SciPy package [69]. The scipy.integrate.odeint function is a numeri-
cal solver for first order ordinary differential equations which implements LSODA from
the FORTRAN library. The LSODA is a backward or forward multistep method that
automatically selects the solver and the timestep that is implemented, depending on
the stability of the problem. The solution requires the assignment of initial conditions.
The initial condition given to the set of ordinary differential equations is the zero value
at 𝑡 = 0 for every unknown term of the ordinary differential equations. This typically
means that the the alkaline water electrolyser is inactive when it starts up.

D.3. Results
In the following, the validation of the dynamic switching model with the experimental
results of Haug et al. [40] is shown. Furthermore, a sensitivity analysis is conducted
to test the validity of the dynamic model in terms of the operating conditions and the
design characteristics of the plant.

D.3.1. Validation of the dynamic switching model
The validity of the model that describes the dynamic switching of electrolyte cycles
is tested for the experimental results which are published by Haug et al. [40]. The
input properties for the operating conditions of the experimental dynamic switching of
electrolyte cycles are listed in Table D.2. The design characteristics of the electrolysis
cell are given in Table D.3.

In Figure D.4, the validation of the model that describes the dynamic switching of
electrolyte cycles with the experimental data of Haug et al. [40] is presented. On the
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vertical axis of the graph, the anodic hydrogen content is shown in vol%. Similarly, on
the horizontal axis, the time is displayed, in h. The black circles show the experimental
results found in Ref. [40]. The solid black line shows the prediction of the anodic
hydrogen content as a function of time from the developed dynamic model. The grey
dashed line shows the average anodic hydrogen content from the modeling results,
when the dynamic switching starts.

In the beginning of the experiment, when 2 h ≤ 𝑡tot ≤ 3 h, the system operates
in mixed-mode until it reaches its steady state in terms of the anodic hydrogen con-
tent. When 3 h < 𝑡tot ≤ 3.5 h, the dynamic switching starts by importing into the
model the boundary conditions of the partly-separated mode. The boundary condi-
tions of the partly-separated mode are given by equation (D.19). Instantly, there is a
drop in the anodic hydrogen content. From the material balances, and the boundary
conditions, the gas crossover in the partly-separated mode occurs only due to diffu-
sion through the diaphragm. The partly-separated mode lasts for 30 min. Therefore,
when 𝑡tot = 3.5 h, the boundary conditions of the mixed-mode are imported into the
dynamicmodel. As a result, the anodic hydrogen content starts increasing due to elec-
trolyte mixing before the entrance of the electrolysis cell. The continuous switching
between the mixed-mode and the partly-separated mode takes place every 30 min,
until 𝑡tot = 6.5 h. At this point, the mixed-mode boundary conditions are imported into
the model, and the system approaches its steady-state anodic hydrogen content until
𝑡tot = 8 h.

In the beginning, themodel approaches successfully the experimental steady-state
anodic hydrogen content until 𝑡tot = 3 h. When the dynamic switching starts, the H2
in O2 impurity decreases because of the activation of the partly-separated mode. The
model follows the fall successfully. When 𝑡tot = 3.5, 4.5, 5.5, 6.5 h, the model pre-
dicts a slightly lower anodic hydrogen content in the end of the partly-separated mode.
Furthermore, the maximum H2 in O2 content matches the experimental results, when
𝑡tot = 4, 5, 6 h. When the system operates for the last time in mixed-mode and ap-
proaches its steady-state, at 6.5 h ≤ 𝑡tot ≤ 8 h, the model predicts a higher impurity
in comparison with the experimental results. The underestimation of the anodic hy-
drogen content can be due to a large concentration gradient through the diaphragm.
Due to the CSTR model and the uniform concentration throughout the half-cell the
model cannot capture phenomena of local supersaturation. Finally, in Ref. [40] it is
reported that the average anodic hydrogen content during the dynamic switching of
electrolyte cycles equals 𝑦avgH2

= 0.306 vol%. The average anodic hydrogen content
predicted from the model equals 𝑦avg,mod

H2
= 0.295 vol%.

Overall, the dynamicmodel sufficiently validates the experimental results in Ref.[40]
and adapts to the sinusoidal trend during the dynamic switching of electrolyte cycles.
The average anodic hydrogen content, which is calculated by the model, slightly devi-
ates from the experimental average value . Despite the lower anodic hydrogen content
which is predicted from the model when switching occurs from the partly-separated to
the mixed mode, the results from the model and the experiment are in good agree-
ment.
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D.3.2. Sensitivity analysis
In the following, a sensitivity analysis for the dynamic model is provided. The bound-
ary conditions of the dynamic model correspond to the operation in mixed mode. The
sensitivity analysis is materialized with varying the operating conditions of the system
and its design characteristics. The design characteristics include the variation of the
volume in the gas separators and the diaphragm. The operating conditions include
the variation of the liquid volumetric flow rate, the liquid and gaseous volume in the
gas separators, the temperature in the system and the KOH mass fraction. The mod-
els with the varying input parameters are compared to the default model. The input
parameters of the default model are listed in Table D.4.

Variation of the operating conditions
In Figure D.5, the sensitivity analysis due to the variation of the operating conditions
is presented. More specifically, the varying operating conditions include the liquid
flow rate �̇�L (Figure D.5a), the temperature 𝑇 of the process (Figure D.5b), the mass
fraction of KOH 𝑤KOH (Figure D.5c), and the liquid 𝑉sep,𝑗liq and gaseous volume in the
gas separator 𝑉sep,𝑗gas (Figure D.5d). The dynamic model simulates the operation of an
alkaline water electrolyser in mixed mode. As a result, the mixed boundary conditions
are given. The models with the varying operating conditions are compared with the
default model (black dashed line).

In Figure D.5a, the variation of the liquid flow rate is presented. It can be observed
that an increase in the liquid flow rate results in a rise of the steady-state H2 in O2
impurity. This trend can be attributed to the electrolyte mixing gas crossover mecha-
nism. More specifically, an increase in the liquid flow rate leads to a higher convective
mass transfer from the mass balance equations. Therefore, more dissolved cathodic
hydrogen ends up in the anodic compartment. The bulk concentration of hydrogen in
the anodic half-cell increases as the liquid flow rate rises. As a result, the desorption
flux is governed by higher supersaturation, and hence more hydrogen will outgas in
the anodic compartment. Similarly, as the liquid flow rate decreases, the anodic hy-
drogen content reduces. The transition time to the steady-state, does not seem to be
affected from the variation of liquid flow rate.

In Figure D.5b, the variation of the temperature is presented. An increase in the
temperature results in a lower steady-state H2 in O2 impurity. The solubility data which
are imported in the model by implementing the Setchenov relation, indicate that an in-
crease in the temperature slightly reduces the solubility of hydrogen and oxygen in
the liquid electrolyte [61]. Therefore, in higher temperatures, the dissolved hydrogen
species experiences a higher degree of supersaturation than in lower temperatures
and can outgas more efficiently. At the same time, the diffusivity data which are im-
ported in the model indicate that an increase in the temperature results in a higher
hydrogen and oxygen diffusivity [58]. Therefore, the hydrogen and oxygen species
experience a higher rate of diffusion, which is a fundamental property for the calcula-
tion of the mass transfer coefficient in the electrolyte bulk. The combined reduction in
the solubility and the rise in diffusivity lead to a higher desorptive flux in the electrolyte
bulk. As a result, the gas crossover due to the electrolyte mixing reduces and the
dissolved species outgas more efficiently in the compartment in which they are gen-
erated. Similarly, the opposite holds true when the temperature is reduced. Finally,
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the variation of the temperature does not affect the transition time to the steady state.
In Figure D.5c, the sensitivity analysis for the variation of the KOH mass fraction

is shown. It can be observed that an increase in the KOH mass fraction leads to
a decrease in the anodic hydrogen content. The decrease of the H2 in O2 impurity
can be explained from the imported solubility literature data. An examination of the
imported data reveals that an increase in the KOH mass fraction results in the fall
of the solubility of hydrogen and oxygen species due to the salting out effect [61].
As a result, the dissolved species in the electrolyte bulk, achieve a higher degree of
supersaturation with an increasing KOH mass fraction. Due to the higher degree of
supersaturation, the desorptive flux in the electrolyte bulk also increases and a higher
amount of pure hydrogen or oxygen is released in the compartment in which they are
produced. As a result the H2 in O2 impurity decreases with an increasing KOH mass
fraction. The KOH mass fraction does not affect the transition time to the steady-state
impurity.

In Figure D.5d, the variation of the liquid and gaseous volume in the gas separa-
tors is presented. The total volume of the separator tank is kept constant. The liquid
volume is expressed as a percentage of the total geometrical volume of the gas sepa-
rator. In Figure D.5d, it can be noticed that a decrease in the liquid volume of the gas
separator results in a faster system response. The response of the system in terms
of the anodic hydrogen content presents a dependency on the gaseous volumetric
flow rate. A decrease in the liquid volume means that gas separator consists of more
gaseous product and the bulk concentration of the dissolved species develops faster
to its steady state. Due to the quick response of the bulk concentration, the desorp-
tion flux in the single cell will follow a similar trend. Therefore, the anodic volumetric
flow rate develops faster as the liquid volume of the gas separator decreases. Subse-
quently, the anodic hydrogen content reaches its steady state faster. On the contrary,
when the liquid volume of the gas separator increases, the gaseous flow rate develops
slower. At the same time, the partial pressure increases fast. Hence, the response of
the anodic hydrogen content does not slow down significantly. For this reason, when
the liquid volume increases, the anodic hydrogen content does not show a significant
difference with the case where V_liq_sep=50%. Finally, all the models conclude in
the same steady-state anodic hydrogen content.

Overall, the variation of the operating conditions in the dynamic model results in
a realistic behavior during the alkaline water electrolysis. Finally, it has to be noted
that the dynamic material balances strongly depend on the input properties, such as
the diffusivity and the solubility. Therefore, the input properties need to be selected
carefully.

Variation of the design characteristics
In Figure D.6, the sensitivity analysis for the design characteristics is shown. The
design characteristics consist of the porous diaphragms, and the geometrical volume
of the gas separators. The dynamic model simulates the transition to the steady state
in mixed mode, and hence the mixed boundary conditions are imported. The varied
dynamic models are compared with the default model (black dashed line).

In Figure D.6a, the effect of Type A and Zirfon diaphragm in the anodic hydro-
gen content is compared. The Type A diaphragm is 500 𝜇𝑚 thick, has a porosity of
𝜀 = 35 % and the tortuosity equals 𝜏 = 1.95. The design characteristics of the Zirfon
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diaphragm are shown in Table D.2. From the modeling results, it can be observed that
the selection of alternative porous diaphragm has a negligible effect on the variation
of the H2 in O2 impurity. The negligible effect on the anodic hydrogen content can
be justified from the definition of the hydrogen gas evolution efficiency in this model.
The hydrogen gas evolution is fitted to the experimental H2 in O2 and O2 in H2 impu-
rities [34]. The measured impurities are the result of the gas crossover mechanisms
due to the diffusion through the diaphragm, and the electrolyte mixing. Therefore, the
gas evolution efficiency acts as a lumped parameter which includes both of these gas
crossover mechanisms. The CSTR assumption cancels out the existence of any lo-
cal supersatution phenomena close to the electrode area which may result in a larger
diffusion through the diaphragm. Finally, in an attempt to quantify the effect of gas
crossover flux through the diaphragm, the anodic hydrogen content is evaluated for
the dynamic model in the partly-separated mode. When the model reaches its steady
state, the results indicate that for the Zirfon separator the H2 in O2 impurity equals to
𝑦ZirfonH2

= 0.0103 vol% and for the Type A it is equal to 𝑦TypeAH2 = 0.0088 vol%. There-
fore, the maximum calculated contribution of the gas crossover through the diaphragm
is negligible in comparison with the electrolyte mixing, which is above 1% according
to Figure D.6a.

In Figure D.6b, the effect of the variation of the geometrical volume of the gas
separators is studied. The liquid volume of the electrolyte in the gas separator is 50%
of the geometrical volume of the separator tank. It is noticed that an increase in the
geometrical volume results in a slower transition to the steady-state. The enlargement
of the geometrical volume of the gas separator leads to an increase of both the liquid
and gaseous volume inside the gas separator. Therefore, it causes a slower response
in the dissolved species in the liquid electrolyte and a slower response in the outlet
partial pressures of the species in the gas separator. This observation can be justified
from equations (D.7)-(D.8). Furthermore, the transition time of the anodic hydrogen
content presents a strong dependency on the gaseous volumetric flow rate. Since
the response time of the bulk concentration increases with the enlargement of the
separator tank, the gaseous volumetric flow rate will evolve slower. Therefore, when
the volume of the separator tank increases, the H2 in O2 impurity reaches its steady
state slower. On the contrary, when the volume of the gas separators decreases,
the anodic hydrogen content will evolve faster to its steady state because the bulk
concentration and the partial pressures in the gas separator develop faster. Finally,
in the extreme case where the geometrical volume of the gas separator is oversized
(V_GS=32L), the system will need even more time to reach its steady state.

Overall, the model is not sensitive to different diaphragms. The possible overes-
timation of the hydrogen gas evolution efficiency in combination with the negligence
of local supersaturation in the electrode area, results in a significantly underestimated
diffusion flux through the separator. Thus, the modeled anodic hydrogen content is
not affected by the change of diaphragms.

Finally, the dynamic model can calculate the system response, in terms of the
anodic hydrogen content, by taking into account the geometrical volume of the gas
separators. In the steady-state model, the effect of the gas separators is neglected
because the accumulation terms are zero. It is found that the geometrical volume of
the gas separators can substantially influence the transition time to the steady-state
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gas impurity.

D.4. Conclusions
The outcome of this paper gives a better understanding on the dynamic model. Over-
all, the conclusions are summarized below:

1. The dynamic model validates the dynamic switching of electrolyte cycles by
changing the boundary conditions as a function of time. As a result, it acquires
a sinusoidal behavior similar to the trend of the experimental data. The value
of the average calculated anodic hydrogen content (𝑦avg,mod

H2
= 0.295 vol%) is

close to the experimental (𝑦avgH2
= 0.306 vol%).

2. When the dynamic model operates in a partly-separated mode, it cannot cal-
culate phenomena of local supersaturation close to the diaphragm, due to the
CSTR assumption. As a result, it underestimates the anodic hydrogen content.

3. Overall, the variation of the operating conditions shows that the model is robust
and has a realistic behavior.

4. In the dynamic model, the transition time to the steady state depends on the
geometrical volume of the separator tank, the volume of the half-cell, and the
liquid volume ratio in the gas separator. The rest of the input properties do not
affect the response of the system.

5. In the mixed-mode operation, the steady-state anodic hydrogen content is not
affected by the diaphragm change. This happens because the gas evolution
efficiency acts as a lumped parameter that includes the crossover through the
diaphragm and the electrolyte mixing.
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Figure D.1: The mass balance in the single cell. The reaction rate �̇�𝑗R,𝑖 obeys Faraday’s law. Only
liquid stream with dissolved molecules enters the cell �̇�𝑗L𝑐𝑗in,𝑖. The stream which exits the cell consists
of the liquid electrolyte with the dissolved species �̇�𝑗L𝑐𝑗out,𝑖, and the gaseous phase which obeys ideal
gas law 𝑝𝑗out,𝑖�̇�

𝑗
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𝑅 𝑇 . The mass transfer in the electrolyte bulk is governed by a desorption flux 𝑁𝑗phys,𝑖. In
the electrolysis cell, cross-permeation in the opposite half cell occurs due to diffusion through the

diaphragm 𝑁𝑖cross
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Table D.1: Mathematical expression for the gas hold-up fraction according to Haug et al.[34].

Compartment 𝑋1 𝑋2 𝑋3
Anode 0.59438 0.59231 0.75647

Cathode 0.76764 0.73233 0.73457
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Table D.2: The input model properties for the dynamic switching of electrolyte cycles at 𝑇 = 80 ∘C,
𝑝ano = 𝑝cat = 1 bar, 𝐽 = 1 kA m−2 and 𝑤KOH=0.32.

Property Value Units Reference

𝛾 0.08267 Nm−1 [56]
𝑓G,H2 0.68 - [34]
𝑓G,O2 1 - [34]
𝑝H2O 27583.85058 Pa [34]
𝑑catb 0.000157 m [34]
𝐴anoGL 2.95850 m2 [34]
𝐴catGL 2.97927 m2 [34]
𝜀anog,out 0.14631 - [34]
𝜀catg,out 0.22969 - [34]
𝐷H2,𝜃=80 5.58823 ⋅ 10−9 m2 s−1 [58]
𝐷O2,𝜃=80 1.68098 ⋅ 10−9 m2 s−1 [58]
𝜇L 0.00087 Pas [34]
𝜌L 1276.48135 kgm−3 [57]
𝜌H2O 971.79778 kgm−3 [71]
𝐻H2 71661.82123 atm [59]
𝐻O2 69577.49411 atm [59]
𝐾S,H2 3.14 - [34]
𝐾S,O2 3.96 - [34]
𝑘anoL,H2

0.00042 ms−1 [34]
𝑘catL,H2

0.00033 ms−1 [34]
𝑘anoL,O2

0.00020 ms−1 [34]
𝑘catL,O2

0.00016 ms−1 [34]
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Table D.3: Design characteristics of the experimental electrolysis setup of Haug et al. [40].

Property Symbol Value Units

Electrode area 𝐴el 150 cm2

Diaphragm area 𝐴d 232 cm2

Diaphragm thickness 𝑑d 500 𝜇m
Diaphragm porosity 𝜀 0.55 -

Diaphragm tortuosity 𝜏 3.14 -

Half-cell volume 𝑉hcell 0.16x0.015x0.145 m3

Liquid volume in the gas sep-
arator 𝑗 𝑉sep,𝑗liq 1.2 L

Liquid volume in the anodic
half-cell 𝑉anoliq 29.86916 ⋅ 10−5 m3

Liquid volume in the cathodic
half-cell 𝑉catliq 26.96877 ⋅ 10−5 m3

Gaseous volume in the an-
odic the gas separator 𝑉sep,anogas 1.55 L

Gaseous volume in the ca-
thodic the gas separator 𝑉sep,catgas 1.52 L

Gaseous volume in the an-
odic half-cell 𝑉anogas 4.93083 ⋅ 10−5 m3

Gaseous volume in the ca-
thodic half-cell 𝑉catgas 7.83122 ⋅ 10−5 m3
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Table D.4: Input parameters of the default model.

Variable Symbol Value Units

KOH mass fraction 𝑤KOH 30 wt%
Liquid flow rate �̇�L 100 mL min−1

Operating temperature 𝑇 313.15 K

Operating pressure in the compart-
ment j 𝑝𝑗 101325 Pa

Current density 𝐽 1 kA m−2

Anodic gas separator volume 𝑉anosep 1 L

Cathodic gas separator volume 𝑉catsep 1 L

Liquid volume in the anodic gas
separator 𝑉sep,anoliq 0.5 L

Liquid volume in the cathodic gas
separator 𝑉sep,catliq 0.5 L

Hydrogen gas evolution efficiency 𝑓G,H2 0.875 -

Oxygen gas evolution efficiency 𝑓G,O2 0.830 -
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