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Abbreviations 

RXI Current Reactor I (guard reactor) 
RX2 Current Reactor 2 
RX3 N ew Reactor 3 
HPHS High Pressure Hot Separator 
LPHS Low Pressure Hot Separator 
HPCS High Pressure Cold Separator 
SW Sour Water 
MEA Methyl Ethanol Amine 
DCMR Dienst Centraal Milieubeheer Rijnmond 

SS Stainless Steel 
CS Carbon Steel 
MO Micro Organism 
HDS Hydro Desulphurization 

DBT DiBenzoThiophene 
DMDBT DiMethylDiBenzo Thiophenes 
DDS Direct Desulphurization 
HYD Hydrogenation 
NiMo Nickel Molybdenum 

PFS Process Flow Scheme 
API American Petroleum Institute 
HAZOP Hazard and Operability Study 
NFPA National Fire Protection Agency 
F&E Index Fire and Explosion Index 

(ROl) Reactor Vessel I (guard reactor, current RXI) 
(R02) Reactor Vessel2 (modified current RX2) 
(R03) Reactor Vessel3 (new reactor) 
(POl) Pump I (new pump) 
(EOI) Heat Exchanger I (new heat exchanger) 
(E02) Heat Exchanger 2 (new heat exchanger) 
(E03) Heat Exchanger 3 
(E07) Heat Exchanger 7 
(E08) Heat Exchanger 8 
(E09) Heat Exchanger 9 
(EIO) Heat Exchanger IO 
(DOl) Drum I (current HPHS) 
(D02) Drum 2 (current LPHS) 
(D03) Drum 3 (current fractionator) 
(D04) Drum 4 (current fractionator overhead flash-vessel) 
(D05) Drum 5 (current Distillate side-stripper) 
(D06) Drum 6 (current flash vessel) 
(D07) Drum 7 (current HPCS) 
(D08) Drum 8 (current MEA scrubber) 
(COl) Compressor I (current compressor) 
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Summary 

The main objective of this feasibility study is to investigate methods to decrease the sulphur 
content of the Distillate product stream of the GO-finer unit at the Rotterdam plant site of 
ExxonMobil. It is expected that future legislation will demand lower sulphur content in oil 
refinery products. 

In this report several methods are des cri bed briefly. After atechnical and economical 
evaluation one process option is ehosen. In this option, an additional fixed bed reactor is 
installed. This reactor will operate in semi counter-CUITent operation with the current 
hydrocracking and desulphurization reactor. To facilitate this, the CUITent reactor needs to 
undergo some adjustments. 

New equipment, i.e. two heat-exchangers and a reactor, needs to be installed. 
For designing this new reactor an extensive simulation using Matlab ® has been done, to 
attempt to model the reactions oeeUITing. The simulation of the GO-finer with exception of 
the reactor system is done with Aspen ®. Because the composition ofthe GO-finer feed is not 
completely deterrnined, pseudo components are used. 

The simulations and the economie evaluation of the results revealed that the total investment 
costs are rewarding (M$3.-), however the annual operating costs (M$105.- per year) are by far 
the determining economic factor. This is caused by the hydrogen consumption. It is 
recommended to further investigate possibilities to reduce the hydrogen consumption. 
Validation of provided information would be the first step. The changes of the CUITent process 
suggested and explained in this report will not make additional pro fit. However, if future 
legislation demands low sulphur content additional costs are inevitable. 
Also additional research can be done to reduce the hydrogen consumption, which will also 
reduce the costs. 
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1 Introduction 

In 1958 Esso Nederland B.V. started the construction of the Refinery Rotterdam, which was 
officially opened in May 1960. Mayor adjustments to the original refinery were the 
installation ofthe Flexieoker (mid 80's) and the installation of a Hydrocracker (mid 90's). 

1.1 Unit description. 
The GO-finer unit is part ofthis refinery. It was originally designed to desulphurize the coker 
gas oil stream. A block scheme that represents the part of the refinery were the GO-finer unit 
is located is given in Figure 1.1. 
The vacuum Distillate bottoms are sent to a Flexieoker, where it is converted into fuel gas, 
LPG, naphtha and coker gas oil (LKGO and HKGO). These KGO streams have a high metal, 
sulphur and poly-aromatic content and need to be treated by a hydrotreating unit: the GO
finer. The main product streams are the GO-finer Distillate, with a maximum S-content of 
2500 ppm, and the GO-Finate, with a maximum of 10 000 ppm S. The Distillate is blended 
into heating oil and the GO-Finate serves as hydrocracker feedstock. 

Vacuum 
Distillate 

~~GO-FINER 

Hydrocracker 

Figure 1.1: Block scheme of the current reflnery operation 

The cUITent GO-finer unit consists of multiple stages. These stages are given in the block 
scheme of Figure 1.2. The feed is mixed with hydrogen and sent to the reaction section. From 
the reaction section the process stream goes to the separation section where the vapour 
process stream is routed to the H2 work-up section. Hydrocarbons still present in the vapour 
process stream are recycled to the separation section. 

Process Water 

H2 
Sourwater 

Stripped Sour water 

Work-up Hydrocarbons Recycle 

H2 Recycle 

Olfgas 

F 

H2 Work-up Feed 1 
Make-up Ga&, SourwaJer 

Reaction +-- Separation Naphta r- Section 
eed Section Distillate 

H2 

Process stream 

I Finate 

Steam 

Figure 1.2: Block scheme ofthe different process stages in the GO-flner unit 
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The reaction section consists of two separate reactors, RXI and RX2. In RXI the metals are 
removed. In RX2, a fixed bed reactor with four catalyst beds, hydrodesulphurization and 
some mild hydrocracking takes place. The reactor effluent is sent to the separation section. In 
a high pressure and hot separator (HPHS), most of the formed H2S is removed. After the 
HPHS the liquid hydrocarbon stream is sent to a low pressure hot separator (LPHS), which 
separates heavy and light fractions, to optimize the subsequent fractionation. The H2 work-up 
feed is sent to the H2 work-up where it is treated by a high pressure cold separator (HPCS). 
The hydrogen gas is separated for recycle. A stream containing hydrocarbons is returned to 
the fractionator and sour water is sent to the SW-stripper. The hydrogen gas is sent to a MEA 
scrubber, which removes any residual impurities (mainly H2S). A block scheme of this 
process is represented in Figure 1.3. 

Figure 1.3 Block scheme of current GO-flner operations 

1.2 Product information 
As the Distillate stream is blended into heating oil, which will generate the most profit, this 
final product will be the subject of some analysis. 

Heating oil is very similar to diesel fuel, and both are classified as Distillates. It consists of a 
mixture of petroleum-derived hydrocarbons in the 14- to 20-carbon atoms range. That is, 
heating oil's chemical formula is usually either C14H30, C15H32, C16H34' C17H36, C1sH3S, 
C19H40, or C2oH42. Heating oil is used as a fuel for diesel motors and heating installations. In 
the Netherlands however, heating oil is no longer used that much for heating. The heating oil 
that is used as fuel for diesel engines is coloured to ensure the heating oil isn't used as 
conventional fuel for cars. 

Heating oil can be produced in several grades: 
-Heavy heating oil; this oil is very viscous. It is used mainly for heating of ships 
-Semi-heavy heating oil; this oil is slightly lighter. It is used mainly for heating in 
industry. 
-light heating oil; an even lighter heating oil. It is used as heating oil in houses and 
ships. 
-Diesel oil; the lightest heating oil. It is used as fuel for ships, trucks and tractors. 

The heating oil is subject to the latest environmental regulations. Every year these regulations 
become more stringent with regard to sulphur content. The most up-to-date regulations can be 
requested from the DCMR, the Environmental Protection Agency for the region Rijnmond; 
the larger 'Port of Rotterdam'-area in the Netherlands. 
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1.3 Market information 
Heating oil is not much used for heating in the Netherlands anymore. The majority of the 
heating oil produced in the Netherlands is exported to neighbouring countries such as 
Belgium and Germany. The United States of America also have a very high consumption of 
heating oil. 

The market for heating oil is, as other refinery products, dependent on the crude price. But the 
heating oil market is also dependent on the de mand of heating oil. In wintertime the demand 
for heating oil obviously increases, as do the prices. 

The heating oil prices for November 2006 have been put in Figure 1.4. The prices mentioned 
are in dollar per ton. 

Barges High FOB Rotterdam 
(Souree: Platts cotations / European Marketscan) 

580.00 

570.00 

560.00 

550.00 
ii!: 
t::: 540.00 
~ 

530.00 

520.00 

510.00 

1 • gasoil chauffage I gasolie \€rwarming I 

Figure 1.4: Heating oil prices from Rotterdam port. 

1.4 Status of tbe process 
The current process has been running for some time now. Projects for the GO-finer unit re sult 
from higher production rates and a misplaced feed point of the hydrocarbons to the 
fractionator. Now the cause of re vamp of this unit is more stringent sulphur regulations. The 
sulphur content ofthe GO-finer Distillate should decrease to 50 ppm. 

1.5 Available processes and preferred selection 
Several process options have been found to, in one way or another, desulphurize the GO-finer 
feed to 50 ppm. In chapter 2.1 these options will be broadly explained. However a small 
overview of the most promising options is presented here. 

1.5.1 A vailable processes 

1. Intermediate H2S removal 
To decrease the influence of H2S inhibition in RX2 it could be useful to have H2S removal 
between the 2nd and 3rd bed. A stream is send to a HPHS to remove the H2S. Unfortunately 
this will also result in removal of H2. The removal of H2S will result in a bigger Hz recycle 
stream {rom the MEA unit. As only the liquid is recycled from the HPHS, hydrogen partial 
pressure needs to be reinforeed in RX2. This can only been done by the addition of extra H2. 
However this needs to be proved by simulations. 
The H2 throughput is not the only decision factor. The HPHS needed to perform the 
separation needs to be operated on a certain temperature (we assurne 344 °C). To reach this 
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temperature, the stream needs cooling. After separation the liquid stream needs heating (up to 
405°C) to be inserted at the right reaction temperature in RX2. For this cooting and reheating 
we need a heat exchanger, a cooler and a heater (utilities not accounted tor). 

2. Larger RX2 
By replacing the RX2 with a bigger reactor, the reaction time can be increased, which will 
increase the desulphurisation rate. To achieve the requested sulphur content the reactor 
volume should be 900 m3. This is due to the high inhibition rate of the H2S. Construction of 
this reactor will be very expensive. Steel-price and catalyst consumption) 

3. Counter current flow in RX2 
By using counter CUITent flow in RX2, the reactor could be smaller. In counter current flow 
mode the fresh H2 would contact the harde st to convert complex sulphur molecules first, at 
the part of the reactor where the H2S concentration is large. By ad ding fresh H2 the partial 
pressure of H2S is reduced and the reaction rate increases. However flooding might occur in 
this flow type. 

4. Semi counter current flow with RX3 
By installing a reactor (RX3) in semi-counter current flow directly behind RX2 no extra 
heating is necessary. As the temperature of the liquid flow leaving RX2 is approximately 390 
°C, this is an ideal inlet temperature for the liquid going in RX3. No additional heating will be 
required. The extra H2 consumption will still have to be simulated, but it is expected that this 
would not be much. RX2 will need slight adjustments to provide a vapour and a liquid oudet 
stream. The reactor volume ofRX3 is calculated to be 100 m3. 

5. Co-current flow with use ofcurrent HPHS 
To perform the least changes possible to the existing equipment, we could introduce the RX3 
downstream of the HPHS. The RX3 is situated here, because the HPHS will already separate 
the vapour and liquid streams from the RX2. Now RX2 will not need adjustment. However, a 
lower temperature than the reaction temperature (400 0c) is required in the HPHS. This 
temperature is accounted for in the current heat system, but to achieve the reaction in RX3, 
the temperature of the (liquid) stream leaving the HPHS (345°C) needs to be increased. 4-
heat exchanger needs to be installed The reactor volume of RX3 will be 100 m3

, the area 
necessary to perform the heating can be calculated once the utilities are known. 

6. Fixed bed RX3 [or Distillate stream 
Installing a fixed bed (RX3) reactor for only the Distillate stream could be economically 
attractive, as the Distillate stream is smaller compared to the total stream leaving RX2. 
However, here we encounter other problems. The reactor needs to be purged with H2• As 
there is no H2 present in the Distillate stream, a fair amount of H2 needs to be used to 
guarantee sufficient H2 partial pressure. This additional H2 will have to be recycled. This 
recycling will pull a heavy load to the compressor. As the Distillate stream leaves the 
fractionator the temperature of the stream is 45°C. In order to have hydrogenation reactions 
in RX3 the temperature needs to be increased to approximately 400°C. A heat exchanger will 
have to be installed To have a satisfactory reaction in RX3 not only the temperature needs to 
be up to a certain point, the pressure also needs to be increased tremendously. The Distillate 
product is now leaving the system at 8.7 bar. This needs to be increased to at least 90 bar. A 
good pump will need to be installed to achieve this. After the reaction in RX3 the streams still 
need to be separated, a HP HS or a distillation column needs to be installed. 
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7. Reactive distillation 
Although an economic evaluation proved that reactive distillation could be a very attractive 
choice, this option was not chosen as it is not (vet) proven techn%gv. In literature research 
was found on reactive distillation for naphtha feeds. However, it was concluded that the 
naphtha set-up couldn't be a good representative with respect to the current reactive 
distillation feed-to-be. 

1.5.2 Preferred selection 

The final selection is done based on criteria described in 2.3.1. The concept chosen is the 
"Semi-counter current flow with RX3". The function of all equipment of the revamped GO
finer unit is described in 5.1. The block scheme ofthis concept is presented in Figure 1.5. 

F d 

Figure 1.5: Concept chosen for the revamp of the GO-flner unit 

An additional RX3 is installed in semi-counter current flow with RX2. For this purpose RX2 
needs adjustment to the bottom-part ofthe reactor. The current HPHS will be used to separate 
the vapour effluent of RX2. A mayor part of the hydrocarbons present in the vapour stream 
are recyc1ed as a liquid stream to RX3. The liquid effluent from RX3 is routed to the current 
LPHS. The vapour effluent is recycled to the reactor feed, where it is used as both reactant gas 
and to heat the feed. The vapour stream from the HPHS is treated in the H2 recovery unit. 
This involves separation by a HPCS, treatment in a MEA unit and compressing it to operating 
pressure. 

1.6 Availability of physical data 
The physical data as represented in Table 3.2 were obtained from the handbook of chemistry 
and physics. Physical data for the many pseudo-components was obtained from several other 
references. From the component specification molecular weight could be ca1culated. 

1.7 Patents 
Several patents for the treatment of liquid sulphur-containing hydrocarbon feedstock are 
present. Most patents concentrate on the catalyst and catalyst preparation for this process. For 
example US patent 6531054 by Akzo Nobel (now Albemarle) and US patent 6444865, which 
is a Shell Oil Company patent. However some patents about processes and units for this 
application are known. A patent that describe these processes are US patent 5292428 (Davy 
McKee Ltd). No patents were found comprising the proposed process option. 
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2 Process options and selection. 

In order to achieve the required deep desulphurization, multiple options are available. The use 
of new and more active catalysts is one of them. However, active catalysts often have 
difficulties with high concentrations H2S, due to the inhibiting nature of the H2S. As the feed 
of the GO-finer unit contains 30 000 ppm S, the inhibiting factor must be taken into account. 
So the use of only new and more active catalysts will not be sufficient, a new process needs to 
be developed. 

2.1 Options (or desulphurization 
Optimization and changes in the current process in order to get lower sulphur content and a 
sufficient amount of Distillate stream can be done with one, or a combination of the following 
technologies: 

1. Revamp ofthe current RX2. 
2. Additional reactor for deep desulphurization ofthe total process stream. 
3. Additional reactor for deep desulphurization of only the Distillate stream. 
4. Reactive distillation column for de ep desulphurization. 
5. Separate desulphurization oflight and heavy fractions ofthe feed ofthe GO-finer. 

2.1.1 Revamp of the current RX2. 

The new-generation catalysts will be able to perform de ep desulphurization. However, the 
current catalyst in RX2 also performs mild hydro cracking. This increases the amount of 
Distillate and also helps desulphurizing the feed. If part of the catalyst in the second reactor is 
changed to a de ep desulphurization catalyst it is expected that the amount of Distillate will 
decrease. It should be noted that the assignment is to make sufficient deeply desulphurized 
Distillate. If, with a new catalyst, still sufficient hydro cracking is achieved in the current RX2 
reactor, revamp ofthe current reactor could be considered. 

2.1.1.1 Larger RX2 
To ensure sufficient hydro cracking, while performing desulphurization, one option is to 
replace RX2 with a larger reactor. By doing so, the reaction time can be increased, which will 
increase the desulphurization rate. The reaction time for hydrocracking is also increased, 
which will result in an increase of desulphurized Distillate. 
To achieve the requested sulphur content the reactor volume should be 900 m3

• (Calculations 
can be found in 15.7.3) This is due to the high inhibition rate ofthe H2S (see 0 for more about 
the inhibition of H2S). As the reactor needs an inside layer of SS (because of the corrosive 
nature of sulphur) and an outside shell of CS, construction of this reactor will be very 
expensive. Furthermore, it will most probably not possible to place a reactor this big in the 
area provided for construction. 

2.1.1.2 Intermediate H2S removal 
RX2 can be split into two sections with intermediate H2S removal by a HPHS. If the influence 
of H2S inhibition in RX2 is decreased, the size of the revamped reactor could decrease as well 
(compared to the size mentioned in option 2.1.1.1). The si ze of the current reactor might even 
be big enough. 
The first section is used for desulphurization, mild hydrocracking and denitrogenation. The 
second section is solely used for deep desulphurization. To decrease the inhibiting effect, H2S 
will be removed halfway the second reactor. The process stream is retrieved between the 2nd 

and 3rd bed and send to a HPHS to remove the H2S. Unfortunately this will also re sult in 
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removal of H2. As only the liquid is recyc1ed from the HPHS, hydrogen partial pressure needs 
to be reinforced in RX2. This can only been do ne by the addition of extra H2. The removal of 
H2S will thus result in a bigger Hl recycle stream trom the MEA unit. 
The high H2 throughput is not the drawback. The HPHS needed to perform the separation has 
to be operated on a certain temperature (344°C is assumed, as the current HPHS also operates 
at this temperature.). To reach this temperature, the stream needs cooling. After separation the 
liquid stream needs heating (up to 405°C) to be inserted at the right reaction temperature in 
RX2. For this cooling and reheating we need a heat exchanger, a cooler and a heater (Extra 
consumption ofutilities are not taken into consideration at this point.). 

2.1.1.3 Counter-currentflow in RX2 
By using counter-current flow in RX2, the reactor could also be smaller in respect to option 
2.1.1.1. In counter-current flow the fresh H2 would contact the harde st to convert complex 
sulphur molecules first, at the part of the reactor where the H2S concentration is large 
(inhibition). By adding fresh H2 the partial pressure of H2S is reduced and the reaction rate 
increases. In this way the inhibition of H2S is accounted for. 
However, as known for counter current flow reactors in general, flooding might occur in the 
reactor. It is possible to engineer the reactor in this way, that flooding will not occur, but this 
will re sult in loss ofoperation {reedom ofthe unit. Since the unit has a variable feed operating 
this unit is almost not possible to operate. 

2.1.2 An additional reactor for total process stream 

The second general option would be to install an additional reactor (RX3) downstream of 
RX2. Taking the pressure profile throughout the whole GO-finer unit into account, it would 
be a convenient place for RX3 to either install it directly after RX2, or after the HPHS in the 
current operation. By in stalling the new RX3 here, the complete process stream will be 
treated. As the pressure is still high (91 bar) it would be ideal because high partial hydrogen 
pressures are needed for the hydrogenation / desulphurization reactions. For a representation 
ofthe flow scheme see Figure 2.1. 

H, 

Jeea.......-'+---J 

sw 

Figure 2.1: An additional deep desulphurisation reactor. 

2.1.2.1 Additional Fixed bed reactor 
A fixed bed reactor, as used for RX2 now, could be installed as RX3. This technology is 
proven and operating conditions are known, as the same catalyst present in RX2 will be used. 
The RX3 would be placed after the current HPHS, so the HPHS will already have separated 
the vapour and liquid streams from the RX2. This will minimize the inhibition effect of H2S. 
An additional HPHS is installed between RX3 and the LPHS to prevent a high consumption 
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of H2• To prevent the H2 to be used as fuel gas, a recycle from the additional HPHS to the 
MEA unit will be installed. For this option RX2 will not need any adjustments. 
However, the HPHS requires a lower temperature (344°C) than the reaction temperature 
required in RX3 (400°C) The temperature of the (liquid) stream leaving the first HPHS (344 
°C) needs to be increased. A heat exchanger wi/l need to be installed. The reactor volume of 
RX3 will be 100 m3

, (calculations in 15.7.3). 
frOS? IJ, 
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Figure 2.2: An additional fixed bed reactor in co-current mode 

2.1.2.2 Reactive adsorption 
F or RX3 reactive adsorption with a catalyst and adsorbent can also be considered [5]. The 
adsorbent contains a catalyst, which promotes the reaction of H2 with the sulphur containing 
components. The formed H2S is subsequently adsorbed on to this adsorbent. Either 
continuous or periodic desorption of H2S is needed. The periodic option means downtime of 
the unit. The continuous regeneration of the adsorbent can be chosen if sulphur content of the 
feed is higher. Continuous regeneration results in moving adsorbent particles. Attrition of the 
particles and energy needed for moving the particles have to be taken into account. The 
necessity of evaporating the feed for proper contact with the moving particles results in high 
temperature (> 400°C). The pressure needs to be high for reasonable reaction rates, but this 
will re sult in limited space velocities. 
This option wil! require a high number ofnew equipment. 

2.1.2.3 Extraction of the aromatic compounds 
Another option is extraction of the aromatic compounds that contain sulphur. Extraction and 
separate treatment will re sult in smaller streams to treat. The aromatic compounds containing 
sulphur and especially the (substituted) benzothiophenes are difficult to desulphurize. A 
disadvantage is that the extraction solvents {or this process are not very selective. This will 
re sult in either extracts with a lot of non sulphur containing components (so still a fairly large 
stream to process) or the extraction does not remove enough sulphur containing components 
to meet the specifications. Also, additional extraction and regeneration columns are needed 
which consume a lot of space. 

2.1.2.4 Semi counter currentflow with RX3 
The additional reactor (RX3) can be installed in semi counter current mode of operation. For 
this option vapour and liquid streams need to be separated and follow different flow schemes. 
The fresh H2 enters the RX3 and the vapour stream leaving RX3 is sent to RX2. This vapour 
contains H2S, H2 and some light fractions. In this way the inhibition of H2S is limited, 
because the fresh H2 is sent to RX3 first, where de ep desulphurization is needed. In RX2 the 
sulphur content is already high; the reaction will take place even in the presence of 
contaminated H2 (with H2S). The H2 recycle will not exceed the current recycle by a lot, 
which can be considered an advantage. 
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By installing a reactor (RX3) in semi-counter current flow directly behind RX2 no extra 
heating is necessary. (as shown in Figure 2.3) As the temperature of the liquid flow leaving 
RX2 is approximately 390°C, this is an ideal inlet temperature for the liquid going in RX3. 
No additional heating will be required. RX2 will need slight adjustments to provide a vapour 
and a liquid outlet stream. The reactor volume of RX3 is calculated to be 100 m3

• 
fresh:H, 

t-+--; 
,-'-----'-,' j 

~ 

i 

RX2 

+-_____ J L. _____ + ______ .J 
H, + H,S H, + H,S 
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I 
t 
: 

RX3 

toHPHS 

Figure 2.3: An additional fixed bed reactor in counter current mode 

2.1.3 An additional reactor for Distillate 

Since only the Distillate sulphur content is important, a reactor can be placed after the 
fractionator. Because only the Distillate stream is involved the reactor can be smaller. Figure 
2.4 gives the flow sheet for this option. 
A disadvantage of this option is that the pressure and temperature of the Distillate leaving the 
fractionator are too low. Compression costs and heating costs will be large, especially 
compression from 2.5 to 5 bar to at least 90 bar. An additional compressor is needed and also, 
separation of H2S, H2 and Distillate is needed. 

H, 

feed 

H, RX, 
deep hds-distillate 

Figure 2.4: An additional reactor for Distillate stream 

2.1.3.1 Enzymes for Distillate stream 
An option for this reactor that does not need re-pressurizing and heating of the Distillate 
(process stream) is the use of enzymes. This can be done in two different ways, namely by 
using the micro-organisms (MOs) or by isolating the enzymes (which can be free or 
immobilized). MOs will form numerous by-products and they degrade the Distillate, therefore 
it is favourable to use enzymes (which are far more selective). The conditions are normally at 
ambient pressure and temperature and the enzymes are in an aqueous solution. 
This condition immediately introduces a problem; the volumetrie ratio of the organic and the 
aqueous phase. This will result in a very big reactor, which will re sult in high investment 
costs. It is estimated that the reactor will turn out to be 360 m3

. This will re sult in high 
investment costs. Enzymes are very expensive to produce, so a high amount of bio-catalyst 
(which is needed for the deep HDS) will be costly. Finally, it is relatively difficult to extract 
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the enzymes from the process for reuse and to purify the treated Distillate stream. Extracting 
and purifying the enzymes from the organic product stream is a multi-step operation which 
will require more units. 
Summarized, the use of enzymes is a nice idea because it can be done at ambient pressure and 
temperature, but the size of the reactor needed and the work up after the reaction is hard and 
very expensive [6]. 

2.1.4 Reactive distillation 

The reactive distillation has been investigated for naphtha streams [5] with 250-300 ppm S, so 
to make sure it will work similar sulphur content is prudent. A better catalyst for the second 
reactor will be reasonable. This ensures that the stream leaving the second reactor is 
desulphurized as much as possible. The separation of H2S is performed simultaneously with 
the desulphurization. The catalyst bed is constantly wetted, thus cleaned and the operation is 
conducted counter-currently. In both the top and bottom sections of the column normal trays 
can be placed to ensure good separation. The pressure in the reactive distillation should be 
around 20 bar. A block scheme is shown in Figure 2.5. 
Moreover, the eurrent fractionation column would have to be replaced by a new reactive 
distillation column. 

Although an economic evaluation proved that reaetive distillation could be a very attractive 
ehoice, this option was not ehosen as it is not (vet) proven technology. In literature research 
was found on reactive distillation for naphtha feeds; however it was eoncluded that the 
naphtha set-up eouldn't be a good representative with respect to the current reactive 
distillation feed-to-be. 

Figure 2.5: Deep desulphurisation with a reactive distillation column 

2.1.5 Separation of light and heavy fractions before entering RX2 

In the literature [8] it is recommended that light and heavy fractions should be treated 
separately due to their different reactivity ' s. A flash vessel between the guard reactor and the 
second reactor ean be used to separate the light and heavy fractions, see Figure 2.6. It is 
chosen to prevent contamination with metals (during downtime of the guard reactor) of the 
two smaller beds in the seeond reactor through the placement of a second parallel guard 
reactor. 
After the second reactor both treated process streams are sent to a new HPHS to separate the 
H2S and H2 from the process stream before deep desulphurization in the third new reactor 
takes place. 
However, this is not a very useful option beeause there is only a small part of light fraction. 
Moreover, the light and heavy fractions from the Flexicoker are first mixed and filtered sent 
to the guard reactor and split again. Furthermore, the second reactor is also used for mild 
hydrocracking, so the production of sufficient Distillate is jeopardized. 
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Figure 2.6: Separation of light and heavy fractions before HDS 

2.2 Additional revamp options 
When the GO-finer unit is to be revamped, it should be investigated if a new parallel placed 
guard reactor is attractive. A parallel guard reactor will provide more protection for the 
second reactor during down time of the current guard reactor. This will enhance the lifetime 
of the catalyst in the second reactor. 
If the second reactor is not revamped and left as mild hydro cracker, a third deep 
desulphurization reactor with an active and probably more expensive catalyst is necessary. 
The life time of this catalyst should be as long as possible. In the case the life time of the 
catalyst is longer then one and a half years, it is rewarding if the second reactor has a longer 
on-stream time as weIl. This can be accomplished with a parallel guard reactor. A block 
scheme of this option can be found in Figure 2.7. 

sw 

N+OFF+SW 

Dislillale 

Go-finale 

feed 

Figure 2.7: An additional guard reactor in parallel mode 

The costs for the additional guard reactor can be summed. The following assumptions are 
made: 

• The height of the reactor is 3.5, the diameter is 2.5 meter, the steel has a 
volume of 0.31 m3

. With a (average ) density of 8000 kg/m3 this results in 2500 
kg steel. 

• The steel price is €8.00 per kg SS . 
• The extra consumption of 6 catalyst beds in 15 year, with a volume of 17 m3

• 

• Catalyst has a density of700 kg/m3 and costs €15 .00 per kg. 
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As the profit ofthe GO-finer unit per hour is € 1164.00, this is also the loss ofthe GO-finer 
during down time. Now caiculating the number ofweeks the GO-finer unit should be down to 
have losses as much as the costs for an extra Guard reactor, this would result in 40 weeks in 
15 years. As the GO-finer now experiences only 10 weeks down time in 15 years, this option 
wouldn 't be profitable 

2.3 Decision for the revamp of the GO-finer unit 
As multiple options have been proposed in the previous sections, only one option should be 
chosen for the final design. 

2.3.1 Decision criteria 
Prom the options proposed in Chapter 2.1 a sound decision needs to be made which option to 
choose. To make this decision, a number of selection criteria we re formulated. The criteria of 
selection are: 

• Number of units; 

• H2 consumption; 

• Feasibility; 

• Production costs. 

These selection criteria were chosen because of the following reasoning: 
• Number of units; although there is space available in the GO-finer unit to 
install new units, this area is not too big. Attempts need to be made to install as less as 
possible units. Lesser units will also re sult in lower investment costs and higher 
controllability. 
• H2 consumption; as H2 is consumed by the process, it is of importance to 
minimize this consumption. It is also important to have low H2 consumption as the 
compressor for the recycle has a limited capacity. If this capacity is reached, H2 will 
be purged, which will result in a loss of H2 

• F easibility; some of the mentioned options are not yet proven technology, or it 
is (not yet) proven that the sulphur specification can be met. Research on the 
applicability ofthese options to the GO-finer unit will need to be done. Until then, it is 
a high risk to introduce these options to the unit. 
• Production costs; a basic economic evaluation of an option often starts at the 
production costs. If the costs of these non-recoverable consumption goods, like 
catalysts, H2, sorbents and enzymes are already high, it is unlikely to have a good 
economic evaluation. 

2.3.2 Decision 
Based on the above-mentioned decision criteria an overview can be made, see Table 2.2. 
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As shown in the above tabie, all options have drawbacks. However, the options that have 
triple X are the most unfavourable. The options having double X are better, and the options 
only having a single X are even better. From the table it shows that two options don't have 
double or triple X's. These options are the "RX3 Co-cUITent +HPHS" and the "RX3 Semi
counter current". However the "RX3 Semi-counter current" option only has one X. Therefore, 
this option will be chosen as the design option. 

2.3.3 Chosen concept . 
After considering all revamp options for the GO-finer (see 2.1 and 2.2), a choice is made. In 
Figure 2.8 the block diagram of the chosen concept is shown. Heat exchanger systems and 
pumps are taken out of consideration. These will be discussed in 5.1. 

• The feed is mixed with H2. In RXI the metals and other contaminants are 
removed. The stream is than transported to RX2, where desulphurization and mild 
hydrocracking takes place as in the CUITent operation. 
• The bottom of the RX2 is adjusted to be able to have a vapour and a liquid 
outlet. A tray is installed that will be able to catch the liquid. A pipe will be installed 
to deplete the vapour. 
• The vapour stream from RX2 is send to a HPHS to separate the (condensable) 
hydrocarbons present in the vapour stream. The vapour stream is routed to the H2 
work-up. 
• In the H2 workup, H2S is removed. The light hydrocarbon fractions go to the 
fractionator and the treat-gas stream (containing H2 and CI-C4 gasses) is recycled. 
• The condensed hydrocarbons are mixed with the liquid stream from RX2 and 
send to RX3. 
• In RX3 the final desulphurisation takes place, reaching a sulphur content of 
225 ppm. In the RX3 the vapour and liquid stream are separated (as in RX2). 
• The vapour stream contains H2, which will be routed to either RX2 or to the 
feed where it is mixed. 
• The liquid stream is sent to the LPHS, from where the heavy and light 
fractions are separated. Both fractions are then routed to the fractionator, where they 
are inserted at different heights. 
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• At the bottom of the fractionator, steam is added. The fractionator separates all 
the compounds in a GO-Finate stream, Distillate stream, Sour Water, Naphtha and 
Offgas stream. 

Figure 2.8: Concept chosen for the revamp of the GO-flner unit 
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3 Basis of Design 

The Basis of Design provides all key data for the design is tabulated and provided with 
background information. Items such as feedstock, products, wastes, utilities, specific 
equipment, plant location, costs etc are covered. The Basis of Design normally is a separate 
document with all information. For this report, the BoD is part of a whole, so information will 
be brief and references will be made to other chapters. 

3.1 Description of the design 
The GO-finer unit is part ofthe ExxonMobil refinery in Rotterdam. The focus ofthe refinery 
is to produce middle distillates (Diesel and Heating oil) from crude oil. 
The vacuum Distillate from the crude distillation tower is sent to the Flexicoker, where it is 
converted into fuel gas, naphtha and coker gas oil (LKGO and HKGO). The KGO streams 
have a high metal, sulphur and poly-aromatic content and will be treated by a hydro treating 
unit: the GO-fmer. The main product streams are the GO-finer Distillate, with a maximum S
content of 2500 ppm, and the GO-Finate, with at maximum 10 000 ppm S. The Distillate is 
blended into heating oil and the GO-Finate serves as hydrocracker feedstock. 
Due to more stringent regulations in future the sulphur content in the Distillate stream needs 
to be reduced to 50 ppm. The design is based on the request of ExxonMobil to be able to 
pro duce this Distillate in the future. Modifications and additions to the current GO-finer unit 
are in the scope of this design. 

3.1.1 Design background 

The current GO-fmer unit has an intense integration of mass and heat streams. A simplified 
block scheme is shown in Figure 3.1. The feed is mixed with hydrogen and sent to the reactor 
section. This section consists of two separate reactors, RXI and RX2. In RXI the metals are 
removed. In RX2 hydrodesulphurization and some mild hydrocracking takes place. The 
reactor effluent is sent to a high pressure and hot separator (HPHS), where most ofthe formed 
H2S, some hydrocarbons and excess H2 are removed. This stream is then treated in a high 
pressure cold separator (HPCS). Here the gas is separated for recycle. The hydrocarbons are 
returned to the fractionator and sour water is sent to a SW-stripper. The recycle gas is sent to a 
MEA scrubber, which removes any residual impurities (mainly H2S). The treated H2 is now 
recyc1ed to RXI and RX2. After the HPHS the liquid hydrocarbon stream is sent to a low 
pressure hot separator (LPHS), which separates heavy and light fractions, to optimize the 
subsequent fractionation. 

Figure 3.1: Block scheme of curreot GO-floer operatioos 
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3.1.2 What will (not) be done 

In this design we will not attempt to optimize the Flexicoker operations. It is assumed that the 
feed stream is constant in composition and that the utilities needed are available. The 
treatment of the extra waste streams will not be considered. The design will focus on 
reduction of the sulphur content and not the nitrogen content or the poly-aromats. This might 
be affected, but it will not be the main objective. 
A process alternative will be proposed that can produce < 50 ppm sulphur in the GO-finer 
Distillate stream. For this we williook at different options. These can include different reactor 
configurations or operations, new catalysts or new techniques available like extraction or 
reactions with enzymes. 
In varying detail the thermodynamics and kinetics for the chosen option will be given, as weIl 
as the process streams and mass balances and some block schemes. Basic assumptions will be 
given and the economie margin will be ca1culated. 

3.2 Process definition: 

3.2.1 Process concepts chosen 

In order to achieve the required deep desulphurization, multiple options are available. The use 
of new and more active catalysts is one ofthem. However, multiple process alternatives might 
also do the trick. The altematives are summarized below, but are explained in more detail in 
2. 

I. Revamp of the current RX2. 
2. Additional reactor for deep desulphurization of the total process stream. 
3. Additional reactor for deep desulphurization of only the Distillate stream. 
4. Reactive distillation column for deep desulphurization. 
5. Separate desulphurization oflight and heavy fractions ofthe feed ofthe GO-finer. 
6. Additional guard reactor 

The process chosen is option 2. The reasoning behind this choice is explained in more detail 
in 2. A block-scheme is shown in Figure 3.3. 

• The feed is mixed with H2. In RX 1 the metals and other contarninants are 
removed. The stream is than transported to RX2, where desulphurization and mild 
hydrocracking takes place as in the current operation. 
• The bottom of the RX2 is adjusted to be able to have a vapour and a liquid 
outlet. A tray is installed that will be able to catch the liquid. A pipe will be installed 
to deplete the vapour. 
• The vapour stream from RX2 is send to a HPHS to separate the (condensable) 
hydrocarbons present in the vapour stream. The vapour stream is routed to the H2 
work-up. 
• In the H2 workup, H2S is removed. The light hydrocarbon fractions go to the 
fractionator and the treat-gas stream (containing H2 and CI-C4 gasses) is recycled. 
• The condensed hydrocarbons are mixed with the liquid stream from RX2 and 
send to RX3. 
• In RX3 the final desulphurisation takes place, reaching a sulphur content of 
225 ppm. In the RX3 the vapour and liquid stream are separated (as in RX2). 
• The vapour stream contains H2, which will be routed to either RX2 or to the 
feed where it is mixed. 
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• The liquid stream is sent to the LPHS, from where the heavy and light 
fractions are separated. Both fractions are then routed to the fractionator, where they 
are inserted at different heights. 
• At the bottom of the fractionator, steam is added. The fractionator separates all 
the compounds in a GO-Finate stream, Distillate stream, Sour Water, Naphtha and 
Offgas stream. 

Feed 

Figure 3.2: Block scheme of process option chosen 

The specification of the in- and outgoing streams is presented with the battery limit, Table 
3.3. 

3.3 Thermodynamic Properties & Reaction Kinetics 
As there are multiple components in the GO-Finer unit feed, thermodynamics and reaction 
kinetics are hard to model. From various literature sources some basic reaction pathways have 
been proposed, see 15.1. Mild hydrocracking was also taken into account. 

3.3.1 Reactions 

The feed stream contains a variety of sulphur compounds. A summary of the most important 
ones is given in Table 3.1. Also the heats of reaction of some compounds are shown. 

benzothiophenes 

variations of 
Pyridines -333 

Phenols +H, - O+H,O -62 
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A complete list of the sulphur containing components is given in 15.1. Dibenzothiophene 
(DBT) and 4,6-dimethyldibenzothiophenes (4,6-DMDBT) are the compounds most difficult 
to desulphurize. They are used as model compounds. They undergo desulphurization via two 
pathways: 

1 Direct desulphurization (DDS), which leads to the formation ofbiphenyls; 
2 Hydrogenation (HYD) yielding tetrahydro- and hexahydro-intermediates followed by 
desulphurization to cyclohexylbenzenes and bicyclohexyls. 

A schematic of these reactions is shown in Figure 3.3 [10]: 

DDS route 

Intermedlates 

HYD route 

3,3-DMBCH 

Figure 3.3: Reaction schemes ofthe desulphurization ofsubstituted benzothiophenes 

In DBT and DMDBT compounds the sulphur atom is sterically hindered by the two alkyl 
groups. When the phenyl-groups hydrogenate, they can take on other conformations and more 
easy to desulphurize. Due to the strong reducing environment in the reactor, most phenyl 
groups will hydrogenate and thus the HYD route will be more favourable. 

3.3.2 Reactivity 

In various studies done to compare the reactivity ' s of the different compounds it was shown 
that the alkyl substituted DBT's are most unreactive. Moreover, their desulphurization is 
retarded by the presence of poly-aromatic compounds, because they occupy the catalyst for 
hydrogenation. Basic organic nitrogen compounds are also competitive inhibitors, just like the 
H2S formed. 
The rate constants of all components could be estimated in computer simulations, since the 
composition of the in- and outgoing streams of the reactor are known in detail. There are 
about 26 reactions that include several steps. 
To model the desulphurisation reactivity a general Langmuir-Hinselwood type of rate 
equation can be used and is given in Equation 3-1. 

k C~rg sCH 
r= ' 

1 + KcH,s +Kc 

This equation can be rewritten when partial pressures are known, Equation 3-2. 

kKDBT PDBT r = --;--------'=.!..----"'!'-'-----:-

(1 + KDBTPDBT + KH,sPH,S ) 

k = rate constant 
K = adsorption constant 
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Corgs= concentration of sulphur-containing compounds 

As the different types of sulphur containing components react at very different rates, a 
classification system has been proposed that groups components with similar reaction 
behaviour (hydrogenation, desulphurization, etc) and similar reactivity. This reduces the 
number of rate constants and makes ca1culations easier. This classification system is given in 
15.1. 

3.3.3 Thermodynamics 

As can be se en from the heats of reaction in Table 3.1 all reactions are exothermic. The 
equilibrium lies to the desulphurized products at the temperatures used (~41 0 °C), but the rate 
at which these equilibria are achieved is different. The problem lies in the reactivities as 
explained in the previous section. Hydrotreating of heavy fractions requires high temperatures 
and high hydrogen partial pressures compared to hydrotreating of light fractions. 
In the selection of the thermodynamic model it was considered that ideality can only be 
assumed at pressures lower than 10 bar. An equation of state was chosen: for the gas phase it 
was decided to be Redlich-Kwong or Peng-Robinson. For the liquid phase the UNIQUAC 
method was chosen. 
Accurate data on heat capacities and enthalpies are provided by the principals. The only 
important parameters that will be estimated are the rate constants. 

3.3.4 Catalysts 

Because the most difficult molecules desulphurize via the HYD route, a catalyst is needed that 
promotes hydrogenation as well as desulphurization. Noble metals can best be used in a 
second reactor of a two-stage hydrotreater, where the forrned H2S is removed before it enters 
the reactor and the sulphur content is low enough for the metals to maintain enough activity. 
However in this design a conventional metal sulphide catalyst (NiMO) is chosen, because 
noble metals are very expensive. Moreover, good results can also be obtained with this 
catalyst. 
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3.4 List of Pure Component Properties 
To have an impression which components are present in the GO-finer unit, an overview is 
given in Table 3.2. Technological data is (as known) represented as weU as the medical data. 

T bi 32 L' t f t f a e . : IS 0 pure componen proper les. 

allte Component Properties -Componllt Name Technological Dáta Medical Data Notes 
Mol Boiling Melting Density 0 MAC 

Design Systematic Formula Weight Point Point Liquid Value LD50 
g/mol C C kg/m3 mg/m3 9 

H20 Water H20 18,02 100,00 0,00 0.99821 (1' (1) @ 20C 

H2 Hydrogen H2 2,01594 -252,87 -259,34 0.082 (2' (2) giL 
(3) @-162 

C1 Methane CH4 16,04 -161,50 -182,40 0.4228 (3\ C 
C2 Ethane C2H6 30,07 -88,60 -182,80 0.5446 (4' 4) @ -89 C 
H2S Hydrogensulfide H2S 34,08 -59,55 -85,50 1.393 (2' 15 
NH3 Ammonia NH3 17,03 -33,33 -77,74 0.6996 (2' 14 
C3 Propane C3H8 44,1 -42,10 -187,60 0.493 (5' (5) @ 25 C 

IC4 Isobutane C4H10 58,12 55,20 -108,60 0.7405 (1' 
BUTENE 1-Butene C4H8 56,11 -6,20 -185,30 0.588 (5' 
NC4 Butane C4H10 58,12 -0,50 -138,20 0.573 (5' 1430 
IC5 2-methyl-Butane C5H12 72,15 27,80 -159,90 0.6201 (1' 
PENTENE 1-Pentene C5H10 70,13 29,90 -165,20 0.6405 (1' 
NC5 Pentane C5H12 72,15 36,00 -129,70 0.6262 (1' 1800 
CYCLOPENTANE Cyclopentane C5H10 70,13 49,30 -93,80 0.7457 (1' 
ISOHEXANE 2-methyl-Pentane C6H14 86,18 60,20 -153,70 0.650 (5' 720 
HEXENE 1-Hexene C6H12 84,16 63,40 -139,70 0.6731 (1' 
NC6 Hexane C6H14 86,18 68,70 -95,30 0.6548 (5 90 
BENZENE Benzene C6H6 78,11 80,00 5,50 0.8765 (1 3,25 
CYCLOHEXANE Cyclohexane C6H12 84,16 80,73 6,59 0.7739 (5 875 

Mono-
MEA ethanolamine C2H7NO 61,08 171 ,00 10,50 1.0180 (1' 2,5 
C02 Carbon dioxide C02 44,01 -78.5 (6' -56.57 (7' 0.720 (5' 9000 (6) @1 atm 

(7) @5.11 
PfxxxAxxdxxx 75 atm 
177+ 291,57 
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3.5 Basic Assumptions 
In this paragraph the current situation is presented. This is the starting point of the design. 

3.5.1 Plant capacity and Location 
The GO-flner is part of the ExxonMobil reflnery situated in Rotterdam. The basic feedstock 
for the Go-flner is the heavy gas oil from the Flexicoker. These gas oils have relatively high 
sulphur content. 
The main products ofthe GO-flner are the Distillate and the GO-Finate. The Distillate is to be 
blended to form heating oil and the GO-Finate is further processed in a hydrocracker. The 
plant produces 78 tIhr Distillate, with 2000 ppm S (end of run) and 54 tlhr GO-Finate 
containing 10000 ppm S (end of run). 

3.5.2 Battery Limit 

The battery limit describes the streams going in and out the GO-flner unit. The feed streams 
are exit streams from the Flexicoker. The treat-gas feed does not have a variabie composition 
but the rate can be changed. It is assumed that sour water can be treated no matter what the 
composition is. 
The side streams from the fractionator are read of mass balances provided by the principles. 

Conceming prices of products the following can be said: 
Value of lowering Distillate sulphur: 
- from ~ 1000 ppm to 50 ppm: + 15 $/t Distillate 
- from ~ 1000 ppm to 10 ppm: + 20 $/t Distillate 
By changing the operations, the GO-Finate may change as weIl. However changing the 
sulphur content does not have any value. Changing the density of the Finate from e.g. 960 
kg/m3 to 950 kg/m3 is worth 10 $/t GO-Finate. 
The Distillate is 60 $/t more valuable than the GO-Finate. Naphtha is 30 $/t more valuable 
than the Distillate. The price of the current catalyst is 15 €/kg. 
These values are represented in Table 3.3 
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Table 3.3: Summary of in- and outgoing streams/substances passing the battery limit 

Stream: 112 135 173 172 177 163 169 153 141 
(Feed) (treatgas (Olf gas to (SWfrom (Naphtha (Distillate (GO·finate (SWfrom Stripping 

feed) flexocoker) fractionator) product) product) product) scrubber) steamto 
frac. 

Specificatio 
n 

Comp Unit C C D C 0 C 0 C 0 C D C D C D C D 

Hydrocarbons/aromati wt% 100 43 (1) 79 (1) (3) (3) 98 (1) 99 (1) 99 (1) (3) (1) 0 0 
cs (4) (4) (4) (4) (4) 

Sulphur (total) ppm 30000 (3) (3) (2) (1) (2) (1) (3) (3) 50 <50 2500 (1) 0 (1) 0 0 

Nitrogen ppm 3000 (3) (3) (2) (1) 12 (1) (3) (3) 1100 (1) 2500 (1) 258 (1) 0 0 
NH3 kglhr 0 

H1S kglhr 0 (3) (3) 623 (1) 27 (1) (3) (3) (3) (3) (3) (3) 515 (1) 0 0 

HP kglhr 0 32 32 103 (1) 6816 (1) (3) (3) (3) (3) 49 (1) 9998 (1) 6000 (1) 
0 

H1 kglhr 0 2569 2569 152 (1) 0 0 

Rate kglhr 140000 4548 (1) 4300 (1) 6856 (1) 3000 (1) 7800 7800 5400 5400 1077 (1) 6000 (1) 
0 0 0 0 5 0 

Process Conditions and 
Price 

Temperature It 310 60 41 .3 41.3 47 45 90 46 154 (1) 

Pressure Bar 110 120 2.6 2.6 6.6 8.7 6.6 88.6 5.4 (1) 

Ph ase V/US L V V L L L L L V V 

Price (5) $fton 1500 30 1 15 1/60 10/60 

Additional information: 
C=Current 
D=Design 
(1) not yet available, depends on process simulation and mass balances 
(2) not available trom principals/to be negotiated with principals 
(3) negligible 
(4) approximate values 
(5) prices relative to distillate at 1000 ppm 
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3.6 Economic Margin 
In chapter 11 the economic evaluation of the project is performed. The main conclusions of it 
can be found in Table 3.4. 

Income 
"Net Annual Cash-Flow" 

All economic parameters are additional costs and income in comparison with the current 
process (ex cept the investment costs). 
The investment costs are low in comparison with the annual operating costs. The annual 
production costs are high because of the hydrogen consumption (6 tIh more H2 than current 
operation). Because of the high annual production costs, the "net annual cash-flow" is 
negative. This means that the project will cost money each year instead of becoming 
profitable after some time. In fact it will never be profitable. 
The goal of the feasibility study is the reduction of the sulphur content of the Distillate 
stream. The reduction is required due to future legislation. Those adaptations in processes 
usually cost money instead of making profit out of it. But in order to make the process 
economical attractive, the annual operating costs have to be further decreased (which means 
that the hydrogen consumption has to be decreased). 
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4 Thermodynamic Properties & Reaction Kinetics. 

When discussing thermodynamic properties and kinetics there are several points to keep in 
mind. The sequence of reactions that occur in the current reactor is very complicated and 
almost impossible to model. However an attempt is made to model these reactions from data 
provided by the principle on stream compositions, see 15.1 and 15.1.2. From various literature 
sources some basic reaction pathways have been proposed, see 15.1. These have indeed been 
observed in the scheme from 15.1.2. Mild hydrocracking has also been taken into account. 

4.1 Reactions 
The feed stream contains a variety of sulphur compounds. A summary of the most important 
ones is given in Table 3.1. Also the heats of reaction of some compounds are shown. A 
complete list of the sulphur containing components is given in 15.1. The mercaptans are the 
easiest to desulphurize. The sulphur atom is easy accessible and absorption on a catalyst site 
is not difficult. The same can be said for thiophene, phenol and pyridine. 
Dibenzothiophene (DBT) and 4,6-dimethyldibenzothiophenes (4,6-DMDBT) are the most 
difficult compounds to desulphurize. They are, therefore, often used as model compounds. 
They undergo desulphurization via two pathways: 
1 Direct desulphurization (DDS), which leads to the formation of biphenyls; 
2 Hydrogenation (HYD) yielding tetrahydro- and hexahydro-intermediates followed by 

desulphurization to cyc10hexylbenzenes and bicyc1ohexyls. 
A schematic of these reactions is shown in Figure 3.3 [10]: 

9;[} 
H,e 4, 6·DMBT eH, 

+85% 

~n---r-\ 
)-J ~-, 

H,e 3, 3-DMBP eH, 

DOS route 

9:P 
H3C CH3 

--
4,6-DM-TH-DBT 

Intermediates 

HYD route 

3, 3-DMBCH 

Figure 4.1: Reaction schemes ofthe desulphurization ofsubstituted benzothiophenes 

The percentages given are indications. The difficulty with these DBT and DMDBT 
compounds is that the sulphur atom is sterically hindered by the two alkyl groups. The 
phenyl-groups are flat. This makes the sulphur atom hard to reach. When the phenyl-groups 
hydrogenate, they can take on other conformations. This makes the sulphur atom more 
accessible. This contributes to the fact that these compounds are mostly converted via the 
HYD route. In contrast to this, benzothiophenes convert mostly via the DDS route, see also 
Table 4.1 for more information on this reaction. Due to the strong reducing environment in 
the reactor, most phenyl groups will hydrogenate and thus the HYD route will be more 
favourable. When the reaction scheme from 15.1 was composed this was indeed observed. 
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Table 4.1: Summary of sulphur containing compounds in gas oH [181 

.Compouncl 
."" ~ple reaction 

.", .' AIr':m(ld/mol4.< 
Mercaptans RSH + H2 -+ RH + H2S -72 (R=CH3) 

Thiophenes O+3H2-F\ +~ -147 
H3C CH3 

S 

Benzothiophenes CD + ' H'-O--O+ ~S -225 
and substituted 
benzothiophenes eff [] s O s 

[] 0û00 (and variations ofboth) 
Pyridines 

0+ 5
>;, ---"3C~CH3 +NH 

-333 
~ 3 

Phenols 0 °
H 

0 ~ 1 +H, _ ~ I+H,o -62 

4.2 Reactivity 
In various studies done to compare the reactivity's of the different compounds it was shown 
that the alkyl substituted DBT's are most unreactive. Moreover, their desulphurization is 
retarded by the presence of polyaromatic compounds, because they occupy the catalyst for 
hydrogenation. Basic organic nitrogen compounds are also competitive inhibitors, just like the 
H2S formed. 
The light fractions, mercaptans and thiophenes, react very fast. After this the reaction rate 
decreases rapidly, because the H2S concentration has increased causing a high inhibition. 
The specific kinetics of all components involved is not known. Some rate-constants can be 
found in literature, but they are usually measured for pure components. The inhibition effects 
are then not accounted for. Secondly they are measured at different reaction conditions. It is 
known that rate constants have astrong dependenee on the temperature and can therefore not 
easily be extrapolated [9]. 
This makes it difficult to estimate the desulphurization efficiency of the process option 
chosen. The rate constants of all components could be estimated in computer simulations, 
since the composition of the in- and outgoing streams of the reactor are known in detail. There 
are about 26 reactions that include several steps. Since each step has its own rate constant, 
these calculations become very cumbersome, very fast. 
One could group all sulphur-containing molecules together as if one reaction takes place. A 
general stoichiometrie reaction is proposed [11]: 
O=vAorgS + vBH2 + vcorg + vOH 2S 

The inhibition effects are taken into account with the stoichiometrie constants by assuming 
VA =-1, vB=-4 and VC=VD= 1. 
From literature it [ll]has been proposed that the apparent reaction order is now around 
second order. It is proposed to even be closer to 2.2. 
This is the re sult of the lumping of several first-order reactions and the conversion of different 
sulphur compounds. 
A general Langmuir-Hinselwood type of rate equation can be used and is given in Equation 
3-1. 

Equation 4-1 
This equation can be rewritten when partial pressures are known, Equation 3-2. 
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equation 4-2 

k= rate constant 
K = adsorption constant 
CorgS= concentration of sulphur-containing compounds 

When the inhibition effects of nitrogen and aromatics are to be taken into account, the 
denominator has to be corrected accordingly. With this equation the catalyst volume needed 
can be determined and also the composition of the desulphurized stream calculated. 
The hydrogen concentration could be assumed constant, since the quench provides enough 
hydrogen to make up for the reacted hydrogen. This method would however not yield a 
sufficient accurate answer, since the different types of sulphur containing components react at 
very different rates. 
Therefore a classification system has been proposed that groups components with similar 
reaction behaviour (hydrogenation, desulphurization, etc) and similar reactivity. This reduces 
the number of rate constants and makes calculations easier. This c1assification system is given 
in 15.1 and the proposed reactions are given in 15.1.2. 

4.3 Thermodynamics 
As can be seen from the heats of reaction in Tab1e 3.1 all reactions are exothermic. The 
equilibrium lies to the desulpherized products at the temperatures used (~41 0 °C), but the rate 
at which these equilibria are achieved is different. The problem lies in the reactivities as 
explained in the previous section. Hydrotreating of heavy fractions requires high temperatures 
and high hydrogen partial pressures compared to hydrotreating of light fractions. 

4.3.1 Selection of thermodynamic models 

In all units a non-ideal liquid coexists with a non-ideal gas. In the reactor for example, the 
gas-ph ase is composed ofH20, H2, Cl-CS, H2S, NH3• This would suggest an ideal-gas, since 
the molecules are all small molecules. 
From literature[12] a gas-phase can be assumed ideal, when the pressure is less then 10 bar. 
This is certainly not the case here, so the gas-phase is assumed to be non-ideal. The liquid 
phase is also non-ideal, due to the very different kind of molecules in the streams. 
In this case it is therefore better to use an equation of state model like Redlich-Kwong or 
Peng-Robinson to ca1culate volumetric and thermal properties of the gas-phase. These 
calculations are easily done in programs like Matlab or Aspen. 
For the liquid phase an activity coefficient model is suitable, like Wilson or Van Laar. From 
literature [13] it is advised to use the UNIQUAC method, available in Aspen, when many 
types of components are present and not much parameters from literature. 

4.3.2 Operating window and Data validation 
A number of thermodynamic data is surnmarized in Table 15.2. The data is valid for the 
temperatures and pressures mentioned. Theyare obtained from information provided by the 
principles. 
To validate the values obtained after calculations with Matlab and Aspen, some literature 
references are surnmarized in Table 4.2 and 15.1. 
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4.3.3 Accuracy 

Accurate data on heat capacities and enthalpies are provided by the principals. The only 
important parameters that will be estimated are the rate constants. 
The accuracy needed depends on several factors: 

l.The level of design: At this point we are past rough cost estimations. However, no 
defmite decisions involving purchases of equipment or construction are to be made on 
the results. An advise to continue investigation in this area will be given. 

2. The reliability of the design method: Highly accurate rate constants will not add to the 
reliability of the final composition. Order of magnitude is enough. 

3.The sensitivity to the particular property: It was shown before that rate constants are 
highly temperature dependant. 

4.4 Catalysts 
Because of the fact that the most difficult molecules desulphurize via the HYD route, a 
catalyst is needed that promotes hydrogenation as well as desulphurization. Noble metals are 
much better hydrogenation catalysts than for example metal sulphides. The problem is that 
these metals can transform into inactive metal sulphides particles in the presence of sulphur
containing molecules like H2S. The noble metals on the right hand si de of the periodic table 
are less sensitive to sulphur and this characteristic is improved by the use of an acidic support 
and by alloying. 
Noble metals can thus best be used in a second reactor of a two-stage hydrotreater, where the 
formed H2S is removed before it enters the reactor and the sulphur content is low enough for 
the metals to maintain enough activity. 
However in this design a conventional metal sulphide catalyst is chosen, because noble metals 
are very expensive. Moreover, good results can also be obtained with this catalyst. 
Nickel is known for its good hydrogenation activity. The combination of Ni with Mo is a 
classic catalyst in hydrotreating units. This catalyst is also used in the current operation. 
It has been mentioned that H2S strongly inhibits the conversion of DBT and alkyl
benzothiophenes. This is shown in Table 4.2. This also shows that the initial concentration of 
thiophenes does not affect the conversion. 

constants for a NiMo-t e catal st at different initial partial pressures ofH2S [19] 
Pms(initial) 
o 
2.33 
0.2 

4.4.1 Nebuia 

A very promising catalyst used for hydrocracking pre-treatment is the Nebula-20 catalyst, 
developed and produced by Albemarle. This catalyst has a super high HDS-activity and 
therefore it can be used for deep desulphurization of middle-Distillate streams, to a sulphur 
content of around 10ppm. It is used in reactor systems which perform on medium and high 
pressure (20-100bar). The Nebula-20 catalyst can reach a running time of 2.5 years, 1 year 
longer than the currently used NiMo catalysts. 
Although the prices of this catalyst, the reaction constants, kinetics and reactive surface are 
unknown, it still looks like a very interesting catalyst. It can bring the gas oil stream back to a 
very low sulphur content (>50ppm) without any problem, it can perform under relative high 
pressures and has a long running time (up to 2.5 years). 
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5 Process Structure and Description 

5.1 Criteria and Selection 
In the foregoing chapters a process is chosen to reduce the sulphur content of the GO-finer 
Distillate stream. It was decided that a new reactor, (RX3), will be used in this design. From 
here on, the reactor will be called (R03), according to the new process flow scheme shown in 
figure 5.2. 
The hydrogen stream will be fed to the reactors with a semi-counter current configuration. In 
this paragraph will be explained which units will be used in the new design, in order to fit the 
design in the current configuration of the GO-finer. Furthermore the way of operating these 
units is explained. Detailed information on and selection of the units can be found in 8. 
Detailed explanation of the total design can be found in 5.2 (Process Flow Scheme). A small 
selection of the process flow scheme IS shown In 

., 

Figure 5.1, in which the new units and equipment are situated. 

Figure 5.1: Selection of the process flow scheme in which the place of the 'new' units is given. 

Reactor 3(R03) 
The new reactor is (R03). In this reactor deep desulphurization takes place. The feed for this 
reactor will be the hydrocarbon stream, mixed with hydrogen. The reactor is filled with 
catalyst in different beds. Between the beds hydrogen is quenched. Reasons for the quenching 
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are the reduction of the temperature and reducing the partial pressure of H2S, which inhibit 
the desulphurization reactions. At the bottom of the reactor, the vapour and the liquid stream 
are separated with the use of special internals. The vapour will be used as feed for reactor 2 
(R02) and the liquid (which contains the end-products) will be further treated and separated. 

Changes Reactor 2(R02) 
The configuration of reactor 2 (R02) is the same as the one of reactor 3 (R03), although 
volume, catalyst volume and number of catalyst beds used can vary. The current reactor can 
not separate a liquid and a vapour stream at the bottom of the reactor. So changes have to be 
made in order to do this separation, which means the same internals at the bottom of the 
reactor have to be used as in reactor 3 (R03). 
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Separator (DOl) 
The vapour stream from reactor 2 (R02) consist of H2, H2S and hydrocarbons. To ensure that 
the amount of hydrocarbons fed to the HPCS is not too high; a separation of the majority of 
the hydrocarbons from the H2 and H2S is required. This separation is done in separator 1 
(DOl). The 'old' HPHS will be used as the separator. The liquid stream, the hydrocarbons, is 
mixed with the hydrocarbon stream from reactor 2 (R02) to reactor 3 (R03). The vapour 
stream, the H2, H2S and the non-separated hydrocarbons, is treated in the HPCS where H2 and 
H2S is separated from the remaining hydrocarbons. 

Heat Exchanger 1 (EOl) and Heat Exchanger 2 (E02) 
Both the liquid and the vapour stream from the LPHS (D02) are at a temperature which is too 
high for entering the fractionator. Those streams are cooled in heat exchanger 1 and heat 
exchanger 2 and consequently warming up the feed. 

Pump (POl) 
Reactor 2 (R02) and reactor 3 (R03) are most likely situated next to each other and 
gravitational flow is not occurring. Therefore transportation of the liquid stream from (R02) to 
(R03) is do ne with the use of a pump (POl). Another function of (PO 1) is the increase of the 
pressure of the liquid stream to (R03), because there is a pressure drop in (R02) and the 
reactions in (R03) still needs to be at a high pressure. 

Hydrogen feed 
The way H2 is fed to Reactor 2 (R02) and Reactor 3 (R03) is different than the current 
design. Treat gas from the compressor is mixed with make-up gas. This stream will be split up 
in two parts. One will be used for quenching in (R02) and for quenching in (R03). The vapour 
phase of reactor 3 (R03), which still contains a lot of H2, will be mixed with the feed of the 
GO-finer. This is do ne after Heat Exchanger 3 (E03), because the vapour stream is already at 
high temperature caused by the exothermic reactions occurring in (R03). 

5.2 Process Flow Scheme (PFS) 
The process flow scheme is the heart of the design. In this paragraph the process flow 
scheme,( Figure 5.2) will be given together with a process flow description. For better 
understanding of the process flow descriptions, stream numbers are given with < > and 
equipment with ( ) signs. Different letters are given for different kind of equipment: R stands 
for reactor, E for heat exchanger, heater or cooler, D for a drum (separator), C for compressor. 

At Heat Exchangers 1 (EO 1) to 3 (E03) the Cold F eed <S 112> «S 113> after (EO 1), <S 114> 
after (E02) and <S 115> after (E03)) is heated with the vapour stream from Reactor 2 
<Sl16V> and with the streams form the LPHS (D02) after reactor 3, <S126L> and <S126V. 
Heated F eed <S 115> will be mixed with Vapour from Reactor 3 <S 121 V>. The mixed stream 
goes to Reactor 1 (RO 1), in which the metals and other contaminations are removed. In this 
reactor also little desulphurization takes place. After (RO 1) the stream will be mixed again 
with Treat Gas to Reactor 2 <S164>. The mixed stream goes to Reactor 2 (R02), in which 
desulphurization takes place. An amount of <S164> is quenched between the catalyst beds in 
(R02). This is do ne in order to control the temperature profile in (R02). At the bottom of 
(R02), after the last catalyst bed, vapour and liquid are separated with special designed 
intemals. Vapour from Reactor 2 <Sl16V>, containing H2, H2S and hydrocarbons, will be 
separated in High Pressure Hot Separator 1 (DO 1). Liquid Reactor 2 <S 116L> will be 
transported to Reactor 3 (R03). 
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<Sl16V> is cooled in Heat Exchanger 3 (E03) because the temperature is too high for (DOl). 
The cooled vapour of Reactor 2 <S 117> is fed to (DO 1). In the HPHS, (DO 1), stream <S 118>, 
which contains mostly hydrogen and other light gases, is separated from the hydrocarbons 
<S1I9>. 

<S1I9> is mixed with <S1I6L>. The mixed stream, <S120>, is pumped to Reactor 3 (R03) 
by Pump 1 (POl). Liquid feed to Reactor 3 <S153> is mixed with treat gas to Reactor 3 
<S150>. The mixed stream will enter (R03). In this reactor deep desulphurization takes place. 
An amount of <S 150> is quenched between the catalyst beds in order to control the 
temperature profile in (R03). At the bottom of (R03), after the last catalyst bed, vapour and 
liquid are separated with special designed intemals. Vapour from Reactor 3 <S 121 V> will be 
mixed with the feed of reactor 1 <S1I5>. The liquid from Reactor 3 <S121L> is send to the 
LPHS or (D02). A pressure relief valve is used to lower the pressure. 

The vapour and liquid streams of (D02), <S 116L> and <S 116V> are used to heat the fresh 
feed to the reactor system. Heat exchangers 1 and 2, (E01) and (E02) are used for this 
purpose. 

The HPCS feed, <S 118>, is mixed with steam, <S 124>. Mixing with steam is required to 
lower the partial pressure of the existing hydrocarbons in <S 118> and to make the dissolving 
of nitrogen salts and H2S in the HPCS (D07) more effective. The mixed stream, <SI29>, is 
cooled in a series of Heat Exchangers, shown as one exchanger (ElO). The cooled stream, 
<SI30> is fed to the HPCS (D07). 

In the HPCS three phases are present, a water phase, a liquid hydrocarbon and a vapour phase. 
Sour gases, like H2S and NH3 will partially dissolve in the water phase to form sour water 
<S132>. The sour water will be transported to an off-site treating unit. The liquid 
hydrocarbon stream, <S 133> contains mostly naphtha and will be transported to the 
fractionator unit. The vapour phase of the HPCS, leaving over the top as <S131>, contains 
reasonable quantities of sour gases and is therefore treated in the MEA scrubber (D08). 

In the MEA Scrubber (D08), <SI31> will be treated with a lean MEA stream. The remaining 
H2S and NH3 will dissolve in the MEA. The rich MEA stream will go to a MEA recycle unit. 
MEA Out <S134>, which mainly consists of H2, will be split in a Purge <SI52> and the 
compressor feed <S135>. A purge of <S134> is added before the compressor because of the 
constraint on the compressor. 

<SI35> is compressed in the Compressor (COl). Compressed treat gas <S136> will be mixed 
with Make-Up Gas 1 <SI62> to increase the partial pressure of H2. Total treat gas feed 
<SI63> will be fed back to the reactors and will be split up in <SI64> and <S150>. 

The outlet streams of the LPHS, <S 126L> and <S 126V>, are cooled with cold fresh feed in 
heat exchangers (EO 1) and (E02) and send to the fractionator. The liquid cooled outlet, 
<SI54>, is mixed with steam <SI57>, which will reduce the partial pressure of the 
hydrocarbons and therefore lower the operating temperature of the Fractionator (D03). The 
cooled vapour outlet, <S128>, is mixed with the top stream, <SI44>, of the side stripper 
(D05) and sent to the fractionator (D03), <SI37>. <S137> enters the fractionator (D03) at 
stage 20. 
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Figure 5.2: Process Flow Scheme ofthe GO-flner designed for deep desulphurization. 
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At the bottom of (D03) steam <S 159> is injected. This is done to strip the bottom product and 
to reach the GO-Finate flashpoint specification. 

The Fractionator (D03) separates the products ofthe GO-Finer product. The bottom product is 
the GO-Finate <S146A>. The 'middle' product is the Distillate. It leaves (D03) in Distillate 
Frac Out <S161>. Via drums (DOS) and (D06) a certain amount is refluxed back to (D03). 
The reflux, Reflux Frac Distillate <S144>, is mixed with <S128>. Go-Finer Distillate 
<S145A> is the part that is not refluxed back. 

The top product of (D03), Frac Top Out <S 138> is condensed in Heat Exchanger 7 (E07). 
Cooled Frac Top Out <S139> is fed to Drum 4 (D04). Also Hydrocarbons HPCS Out <S133> 
are fed to (D04). In this drum, the light fractions are separated in offgas <S 140>, sour water 
<S141> and Hydrocarbon Liquid (D04) <S160>. <S140> is sent back to the Flexicoker. 
<S141> is transported to an off-plant treatment unit. <S160> is split in two fractions. Frac 
Top Reflux <S143> and naphtha <S142>. <S143> is the re flux ofthe top products and fed to 
(D03). <S142> leaves the GO-Finer as product. 

5.3 Process Stream Summary 
The complete process stream summary can be found in 15.2. 

5.4 Utilities 
For a general overview ofthe utilities used in the new design, a Utility Summary is made and 
can be found in Table 5.1. Utilities in this table are required for the new units and equipment. 
Utilities used in current equipment, is assumed not to change in the new design. 

Table 5.1: Summary ofUtilities (only required utilities for the new units are determined; other utilities are 
assumed to be constant or not chan in the new des 

~~m~ 

Proprietary Information 5-33 



CPD 3345 Design ora modified GO-finer unit ExxonMobil 
TUDe/ft 

5.5 Process Yields 
Process Yields represents the consumption of feed, products and utilities per amount of 
product produced (Distillate in this case). In Table 5.2 the process yields ofprocess streams is 
given and in Table 5.3 the process yields ofutilities is given. 

T bi 52 P a e : rocess Y' Id Ie s summary 0 fP rocess St reams 

'*- Process Streams 
Name Ref. Stream kg/s tIh tlt Distillate 

IN OUT IN OUT IN OUT 
Cold Feed <SI12> 38.9 140.0 1.88 
Make-Up Gas <SI62> 3.1 11.0 0.15 
Steam <SI24> 5.6 20.0 0.27 

<SI57> 0.3 1.0 0.01 
<SI59> 1.9 7.0 0.09 

GO-Finer Distillate <S145B> 20.7 74.5 1.00 
GO-Finate <SI46B> 16.7 60.0 0.81 
GO-Finer Naphta <SI42> 2.1 7.4 0.10 
Off-Gas <SI40> 0.8 3.0 0.04 
Sour Water <SI41 > 2.2 8.0 0.11 

<S132> 5.8 20.8 0.36 
Purge <SI52> 0 0 0 
Total 49.8 48.3 179.0 173.7 2.40 2.42 

Differences between the streams IN and OUT are caused by the fact that the MEA streams are 
not taken into account in the process yield of the process streams. 

T bi 53 P a e : rocess Y' Id Ie s summary 0 fU T' tI ItIes 
Utilities 

Name Ref. Stream kg/s kW tIh kWh/h tlt kWh/t 
Distillate Distillate 

Electricity - 152 152 2.0 

A schematic overview of the process can be made with the use of the tab les above. This 
schematic overview can be found in Figure 5.3. 

Figure 5.3: Schematic Overview of Process Streams and Utilities 
Current 
Utilities E1ectrli"'ci "--_-, 

Cold Feed --==~-+I 

GO-FINER 

Steam-==~..j 
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6 Process control 
It was agreed with the principal to only discuss the process control for new equipment. The 
existing process control system is left untouched; it probably needs new set points but the 
determination of set points for controllers is not the scope of this report. 
The newly introduced equipment consists of one reactor, two heat exchangers and one pump. 
Because the configuration of the reactor section has changed significantly the whole system 
will be discussed. Controlling the temperature is the main objective in the reaction section. 
The pump is placed between the current and new reactor but does not need additional control. 

6.1 Heat exchangers control 
There are several heat exchangers all with a different approach to controlling the temperature. 
If two process streams are involved the following approach works best: 

• Heat the cold process stream to the specific temperature using a bypass with a 
temperature controlled valve to prevent too high temperatures. 

• The hot stream should be further cooled by an additional installed cooler. 
• A temperature controller should adjust the flow stream of the cooling water or a 

bypass for the process stream can be used with a temperature controlled valve. If the 
flow rate of the cooling water is not easily adjustable the first option should not be 
chosen. If fouling is a main concern the last option should not be chosen; the bypass 
reduces the flow through the cooler and therefore the flow rate. 

Because heat exchangers I to 3, (EOI) to (E03), are used in a slightly different way then in the 
current process a control structure for these heat exchangers is suggested. Because all three 
are used to heat the cold feed to the reactor system the control structure is the same for all 
three. For this reason only one will be discussed. 
For the operation ofthe GO-finer it is important that the streams to the fractionator and to the 
HPCS have a certain temperature. Therefore it is suggested that the temperature of these 
streams are controlled. The feed of the reactor goes through all three heat exchangers and 
therefore the temperature of this stream is more difficult to control. In Figure 6.1 the control 
structure is given for (E03) and as mentioned the same structure should be used for (EOI) and 
(E02). The control valve should be placed in the feed to the reactor system and the 
temperature measurement should be done in stream <S 154> and <S 128>. 

I 
S116-V 

S115 

~--S117-----I4----' 

Figure 6.1: The control structure for heat exchanger (E03) 

6.2 Reaction section con trol 
The amount of hydrogen entering the system of (ROl) and (R02) depends on the amount 
leaving (R03). The quench needed to keep the temperature profile within the given 
restrictions can be adjusted by valves controlled by temperature controllers. The temperature 
in the reactors needs to be measured to accomplish this. The hot process stream leaving (R02) 
and entering (R03) is mixed in the top of (R03) with cold hydrogen. The quench for (R02) 
and (R03) and the hydrogen entering (R03) should be controlled since all streams are supplied 
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by one pipe. The absolute amount of hydrogen entering (R03) can be controlled by a flow 
controlled valve. Another option is a ratio controller, but as long as the feed to the reactor 
system is constant in amount, a flow controller works weIl enough. In Figure 6.2 a detail of 
the process flow sheet is presented with the control structure of the reactor system. 

,-------8164--------,t--

-8115 1if--8153 

R02 8120 

R01 V-4 

V-5 

V-6 

8119 

I 
Figure 6.2: Con trol structure of the reactor system 
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7 Mass and heat balances 

7.1 Eguipment mass and heat summary 
The equipment mass and heat summary summarises the in- and outlet streams per equipment. 
The equipment mentioned ean be found in the PFS as represented in 5.2. 
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It was found that, except for the reactors, all equipment complies with the laws of mass and 
energy conservation. The reactors were simulated (as mentioned in 8.1) in a fashion that is not 
normal practice in Aspen. In and outlet streams thus differ. F or a more detailed explanation 
see 8.1. (E01) and (E02) do not comply with the law ofenergy conservation within their own 
system. However, as heat integration is applied, within the heat exchanger system the law of 
energy consumption is complied with. 

7.2 Component mass and heat summary 
The component mass and heat summary shows that the equipment summary is correct. In the 
equipment summary we also have a mass surplus of 760 kg/h. This amount can also be found 
in Table 7.2. This is also caused by the Aspen simulation. 

Table 7.2: Component mass and heat summary 
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8 Process and equipment design 

8.1 Process simulation 
The process has been simulated using Matlab® for the reaction section and Aspen® for the 
overall process. This simulation is do ne for the following reasons: 

1. Computing mass and energy balances and utility usage. 
2. Modeling the treat-gas recycle, to determine if the flow through the compressor is not 

exceeding its capacity. 
3. Modeling the fractionator, to obtain pseudo-component distribution for the products. 
4. Obtaining values for rate constants based on current equipment and computing new 

reactor volumes 

Simulating this process was not straightforward. It should be clear after reading 4.1 that the 
reactions occurring in the reactor are difficult to model or predict, since there are many 
components that are all reacting with hydrogen and competing for the catalyst. Secondly, 
Aspen ® cannot simulate a reactor when pseudo-components are used. 
Therefore the reactor has been designed in Matlab® using the reactions and equations 
previously described in 4.1. The hydrogen consumption obtained was used in Aspen to model 
the complete process. 

8.1.1 Aspen® simulation of tbe process 

The process that is simulated is simplified compared to a real-life process, like the current 00-
Finer. Heat exchangers have been lumped into one unit and some equipment, like valves, 
storage drums and process control units, has been left out. The process flow-sheet shown in 
5.2 is used as a basis for the simulation. In Aspen® pseudo-components have been generated 
using True Boiling Point (TBP) data available for the feed. The input data used and 
specifications to be met are summarized in Table 15.3. 
The compressor capacity is: maximal 1597 m31hr, minimum 815 m3/hr. This constraint is 
managed by a purge before the compressor. 
Furthermore it is ensured that the hydrogen recycle has Ie ss than 0.1 % H2S. Temperatures and 
pressures for reactors, some flash drums and fractionator, used are copied from the current 
process. 

• Reactor configuration 
In the BOD it was decided to use a reactor that has separated exits for the gas and vapour 
streams. In doing simulations it became clear that the vapour stream leaving (R02), <S 116-V> 
needs to be cleared of light hydrocarbons. Otherwise they would be sent to the cold separator 
(D07) increasing this stream beyond the capacity. The flash-drum added is the same HPHS 
used currently (DOl). It is operated at a slightly lower temperature, to ensure that enough 
hydrocarbons are condensed. The stream needs to be cooled before it is sent to (DO 1). This is 
do ne by exchanging heat with the cold feed <SI12>. 
The liquid stream leaving (R03) contains a neglectable amount of light gasses. Therefore 
treating this stream in a HPHS is not necessary anymore. The stream can be sent to the LPHS 
(D02) currently used. 
Because ofthe fact that this stream is now heavier, the D02 overhead would be very small ifit 
were operated at the same temperature as it is currently (344°C) done. (D02) is therefore 
operated at a higher temperature (400°C) and lower pressure (3 bar). 
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This has also consequences for the heat integration. The reactor effluent is 400°C and needs to 
be cooled to approximately 340°C. This is currently done by heat integration with the LPHS 
overhead, which used to be 344°C. The temperature of the overhead is now 400°C, which 
makes heat integration now clearly impossible and also unnecessary. 
The reactor effluent stream is now sent directly to (D02) . The vapour and liquid effluents of 
(D02) are both used to heat the cold-feed <S 112> using heat exchangers. These have a 
different heat-exchanger area, so the current heat-exchangers cannot be used. 

• Treat-gas make-up and recycle 
The treat-gas make-up is detennined by a design specification: The make-up will be such that 
the treat-gas to be mixed with the feed and for quench <S 163> always contains 11000 kglhr 
of hydrogen. 
This is because this stream is split and sent to (R02) and (R03) as quench gas and 'reacting' 
gas. The reason for choosing this stream for quench, is because it already has the right 
temperature after the compressor. The gas-effluent from (R03) is now mixed with the feed to 
(R02), to pre-heat the feed. 

• Product speciflcations 
It was difficult to get the specified standard API gravity's for the product streams. This is 
caused by the fact that the treat-gas used in simulation differs from the treat-gas used in the 
real process. There are less light gasses in the process, because some gasses have been left out 
for simplicity . 
Secondly it was also difficult to get the right specifications for the reactor effluent. Aspen 
cannot simulate a reactor when pseudo-components are used. The reactor has been simulated 
by a series of separators, which use split-fractions to designate components to different 
streams. 
Products formed are just added to the streams, and reactants are removed from the streams. 
This also has consequences for the product compositions, because the streams differ from 
real-life. 
Furthermore the material 'entering' the reactor and 'leaving' the reactor, representing 
reactants formed and reacted, are not the same. This would suggest that mass is disappearing, 
which is of course impossible. This also causes the imbalances in the mass and heat balances 
in 7.1. 

• MEA-unit 
The MEA-unit has not been simulated as an extractor, but also as a separator. For some 
reason Aspen could also not ca1culate an extraction and needed an un-feasible amount of 
MEA to extract about the same amount of hydrogen sulphide as is currently used. It was not 
within the scope of the assignment to design the MEA unit, so detailed simulation of this unit 
is not done. 

• Fractionator 
The fractionator has not been changed compared to the current operation conceming the 
equipment, except for the bortom. Aspen could not model the fractionator without either a 
condenser or areboiler. Therefore a reboiler is added, which in fact is the extemal reboiler for 
the GO-Finate used currently. Heat duty's and refluxes are different and also a pressure drop 
of 0.1 bar per stage is assumed. 

8.1.1.1 Sensitivity analysis 
• The effect ofthefeed (146 and 152) position on density 
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It has been found that the density of the Distillate and the GoF8 does not change with the 
variation of the feed position. 

• The effect of the position of stream 154 
The densities are compared when the stream is fed directly to the column and when the feed is 
entered as reflux. As can be seen from Table 8.1 the density does not change mentionable. 

Distillate 662 662 
GO-Finate 577 576 

• The effect of the number of theoretical trays 
It has been found in simulation that increasing the number of trays increases the GoF8 
density. It is chosen however to operate the fractionator with the same amount of trays as 
currently used, because otherwise it would mean extra investment costs. 

• The effect of the rejlux ratio on the heat duty and density 
Increasing the reflux increases the heat duty of the reboiler, but also destabilizes the vapour
liquid equilibrium on a tray. There is therefore a maximum to the re flux ratio. This is around 
0.9 (90% of <S 190> is sent back). 
There is also a maximum to the amount of liquid that can be drawn for Distillate, for the same 
reason as mentioned before. This maximum is 26.5% of the total feed. 

8.1.1.2 Overall conclusion 
The new design needs some new equipment: the reactor and the internals of the current 
reactor and heat-exchangers. The treat-gas recycle is within the constraints given. 
Further investigation needs to be done concerning the right vapour compositions of the reactor 
effluents, obtaining the right densities of the product streams. 

8.1.2 Matlab® simulation ofthe reactor 

When designing a reactor several issues are important. Besides the valid phases within the 
reactor, the intemals (like the type and distribution of a catalyst) and distribution of the valid 
phases, the volume of the reactor is important. The volume of the reactor can be calculated 
based on mass balances, which need kinetic parameters for all involved reactions. Since 
properties and kinetic parameters of most of the components involved were not known 
estimations needed to be made. Matlab ® was used for this purpose. 
The project principal provided component distributions for the feed, Distillate and GO-Finate. 
This gave a good indication ofthe conversions ofthe different components. Together with the 
mentioned reaction scheme presented in 15.1.2, an optimization procedure was started to 
calculate the values of all kinetic parameters. As long as the operating conditions do not differ 
from the current situation, the kinetic parameter values, which are astrong function of 
temperature, can be considered constant. 
Matlab ® provides several optimization functions, but the severe number of reactions (138) 
and components (132) resulted in simulation problems. A good initial estimation for the 
kinetic parameters is a necessity in such cases and even then patience is required. After 
evaluating the provided functions and the error still present, it was decided to optimize by 
hand. This meant changing one kinetic parameter until the involved reactant reached the 
desired value; the simulated reactor outlet should match the provided component distribution. 
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Especially the sulfur and nitrogen containing components needed to be accurately simulated 
because the content of these components are of particular interest. 
Once the values of the kinetic parameters resulted in a simulated components distribution that 
did not differ more then 2% from the provided component distribution for the components of 
interest, the optimization was stopped. The kinetic parameters where then used to calculate 
the volume of the new reactor. The specification for the sulphur content was the determining 
factor. Because only the Distillate should reach 50 ppm S, the overall sulphur content can be 
225 ppm S. Based on the provided component distribution and the assumption that the split 
fraction of sulphur containing components over GO-Finate and Distillate would remain the 
same, the overall sulphur content can be 225 ppm S. The Distillate then contains 47.5 ppm S 
and the GO-Finate 480 ppm S. 

8.1.2.1 Assumptions Jor the Matlab ® simulation 
The provided component distribution is used to calculate the kinetic parameters and volume 
of the new reactor. It is important to notice that the sulphur content of the feed was higher 
then mentioned in other provided information sources. Based on the hydrogen content of the 
feed and the product given in the component distribution, the hydrogen consumption is higher 
then reported in the heat and material balances. This will result in higher hydrogen 
consumptions for both the kinetic parameters calculation and the volume ofthe new reactor. If 
the component distribution gives either too low hydrogen content in the feed or too high 
hydrogen content in the products, the hydrogen consumption is overestimated. Because 
hydrogen costs are high and an important economic parameter, it is important to validate the 
component distribution. 
It was assumed during the simulation that the operating conditions in the reactor, i.e. 
temperature and pressure, stayed within the range of the CUITent operation. The components 
present in the provided component distribution and H2, H2S and NH3 were explicitly taken 
into account, the lighter components (gas es) were lumped as one component with an average 
molecular weight. Only H2S was used as inhibitor and because the current operation has a 
vapour fraction of 0.5, it was assumed that only half of the H2S remained in the liquid when 
calculating the inhibition effect. In this way the inhibition effect of H2S is over estimated but 
inhibition of other components was neglected. For the estimation of the inhibition parameters 
of H2S the literature [20] was used. 
For the reaction kinetics molar flows are used where normally concentrations in the liquid or 
even at the catalyst surf ace are more common. Because mass transfer coefficients and vapor 
fraction of all the components were not known, taken this all into account would only add 
more unknowns to estimate. It was therefore chosen to lump all the unknowns in one 'kinetic' 
parameter per reaction. In 15.7.2 the used model is described briefly, it is based on the ideal 
plug flow reactor. 
When calculating the new configuration of reactors it was assumed that only H2, H2S, NH3 

and the light gases (Cl - C4) would leave the reactor as vapour. The vapour is send to a HPHS 
or (R02), depending on the reactor it came from. It was chosen to work with a semi-counter 
current mode of operation, which means that the vapour from (R03) goes to (R02) (actually 
ROl and (R02) and the vapour from (R02) goes to the hydrogen recycle (starting with a 
HPHS). The liquid (feed) goes through (ROl), (R02) and (R03) in the mentioned order. 
Although more components willieave (R02) as vapour, the amount that will enter (R03) is 
over estimated, which will re sult in a conservative estimation for the reactor volume of (R03). 
This can be concluded when one considers that the lumped kinetic parameter used contains 
the volumetrie flow rate, see 15.7.2. 
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Of course, the reaction scheme, mentioned in chapter 4, is an assumption it self. It is likely 
that more reactions can and will take place. The main reactions are taken into account and the 
overall provided component distribution could be simulated weIl with some exceptions. 
The last assumption was the disregarded guard reactor. The guard reactor was expected to 
remove heavy metals without performing desulphurization or denitrofication. The heavy 
metals were therefore also neglected in the simulation of the reaction system. 

8.1.2.2 Results ofthe Matlab® simulation 
In 15.7.5 the Matlab ® scripts used can be found. 
The distribution of saturates was not perfectly simulated but overall the amount of saturates 
did match the overall amount of saturates. All the sulphur and nitrogen containing 
components did match with less then 2% error. 
In 15.7.4 the kinetic parameters of the simulated reactions and the mass streams of the 
components can be found, the main results of the Matlab ® simulation will be given here. The 
volume of the catalyst bed of the new reactor (R03) is 64 m3

• This is based on minimized 
hydrogen consumption (see 8.1.2.3) of 7.88 tIh, a hydrogen inlet for (R03) of 7.85 tIh a 
hydrogen quench of 3.1 tIh and 1.25 tIh for (R02) and (R03) respectively and a hydrogen 
outlet for (R02) of 4.32 tIh. In Table 8.2 the sulphur and nitrogen content after (R02) and 
(R03) are given. 
It is important to no ti ce that the Distillate is just meeting the specifications and that the 
influence of the hydrogen entering the reactors is greatly influencing the required reactor 
volume. (see 8.1.2.3). It is not investigated if the catalyst volume will be enough to 
desulphurize the feed to the specifications at the end of run. It could therefore be prudent to 
install a somewhat larger new reactor. 
Another important aspect of the Matlab ® simulation is that the hydrogen addition is higher 
then simulated with Aspen ®. The recycle of hydrogen however is more or less then same. 
Simulating only parts of a process in different simulation software packages with different 
approaches will always result in small differences. Matlab ® is based on the component 
distribution provided by Exxon Mobil and on real components. Aspen ® ho wever is based on 
pseudo components. 

T bI 82 S I h a e . : Ulpl ur aD dN' f Itrogen content 0 reactor out ets 

Reactoroutlet S-content S-content N-c(Jfttent N-content 
[t/h] [wt%] [tfh] [wt%] 

(R02) 1.1487 0.9122 0.1761 0.1398 
(R03) 0.0273 0.0224 0.0003 0.0003 

8.1.2.3 Sensitivity analysis 
A sensitivity analysis was performed to determine the influence of the added hydrogen and 
the required reactor volume to reach the sulphur specification. As is previously mentioned, the 
recycle of treat gas is limited. According to the provided heat and material balances the 
current treat gas recycle contains 6.1 t/h of hydrogen when passing the compressor. Therefore 
the maximum hydrogen content of the gas-outlet from (R02) is taken as 6.3 tIh to make sure 
to be within the compressor constrains. 
The main conclusions are that higher hydrogen content in the reactor system leads to a smaller 
(R03) and the hydrogen consumption decreases slightly. The optimum with respect to the 
hydrogen consumption is 7.88 tIh to (R03) and a reactor volume of 64 m3 for (R03). 
In Figure 8.1 and Table 8.3 these conclusions are also shown. 
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Figure 8.1: Hydrogen flows to and from (R03) and consumption as function of the volume of catalyst of 
(R03) 

Table 8.3: Sensitivity analysis of the added hydrogen to the volume of the reac tor (R03) 
Sensitivity analysis of the added hydrogen and the R03 reactor volume 

VR03 H2 R03 in H2 quench H2 total in H2 R02 out H2 consumption 

[m '> catl [ton/hl [ton/hl [ton/hl [ton/hl [ton/hl 
189 5.60 6.10 11 .70 2.67 9.03 
171 5.80 6.10 11 .90 2.79 9.11 
155 6.00 6.10 12.10 2.92 9.18 
137 6.25 6.10 12.35 3.08 9.27 
121 6.50 5.35 11 .85 3.26 8.59 
107 6.75 5.35 12.10 3.44 8.66 

94 7.00 5.35 12.35 3.63 8.72 
84 7.25 5.35 12.60 3.82 8.78 
75 7.50 5.35 12.85 4.03 8.82 
67 7.75 5.35 13.10 4.23 8.87 
64 7.85 4.35 12.20 4.32 7.88 
62 7.90 4.35 12.25 4.36 7.89 
59 8.00 4.35 12.35 4.45 7.90 
52 8.25 4.35 12.60 4.67 7.93 
47 8.50 4.35 12.85 4.89 7.96 
42 8.75 4.35 13.10 5.11 7.99 
37 9.00 4.35 13.35 5.34 8.01 
30 9.50 4.35 13.85 5.80 8.05 
25 10.00 4.35 14.35 6.26 8.09 

The optimal volume of R03 and H2 addition regarding H2 consumption 

VR03 H2 R03 in H2 quench H2 total in H2 R02 out H2 consumption 

64 7.85 4.35 12.2 4.32 7.88 
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8.1.2.4 Conclusion of the Matlab ® simulation 
The Distillate has a sulphur content of 47.5 ppm S, the hydrogen consumption is 7.88 tIh, the 
total hydrogen towards the reactor system is 12.20 tIh and the hydrogen to the recycle system 
is 4.32 t/h. 
The Matlab ® simulation is based on provided component distributions for feed Distillate and 
GO-Finate. The hydrogen needed to convert the feed into the products was more then the 
hydrogen that is consumed in the current process, according to the heat and material balances. 
The sulphur content of the feed was also higher then mentioned in other provided information 
sources. Although the component distribution should be validated because of the mentioned 
differences, it was the best source of information to use for reactor design. 
The reactor design is optimized for the minimum hydrogen consurnption because hydrogen is 
the key factor in operation costs. The Distillate is just meeting the specification of 50 ppm S, 
so if catalyst activity is decreasing towards the end of run, more catalyst volume may be 
required. 
The usage of hydrogen simulated in Aspen ® and Matlab ® differ but the recycle of 
hydrogen, important for the compressor and MEA-unit does not differ. As is mentioned the 
simulated hydrogen consumption is based on the component distribution, which should be 
validated. 

8.2 Eguipment selection and design 
As was mentioned in 8.1.1 and from process flow sheet in 5.1 the following equipment is new 
compared to the current process: 

• Pump: POl 
• Reactor: (R03) 
• Heat Exchangers: (EOI), (E02) 

The following equipment is not new. Only operation has changed. 
• Exchangers: (E03), (E07), (E08), (E09), (EIO) 
• Compressor: (COl) 
• Drums: (DOl), (D02), (D04), (DOS), (D07), (D08) 
• Fractionator: (D03) 

In agreement with the principal, only the new equipment is mentioned in detail. For the 
equipment that has changed only the changes will be mentioned. All equipment data sheets 
are included in 15.4 and 15.5. 
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9 Wastes 

In every process there are wastes. These are classified as indirect wastes and direct wastes. 
Indirect wastes are caused by pollution occurring during manufacturing of feedstocks and 
plant equipment or as a result of product usage. For this report these wastes will not be 
considered. 
Direct wastes originate directly from the designed plant. The process wastes are summarized 
in Table 9.1. 

Purge 

Cooling water 
Process water 

Treat-gas recycle 

Sour water 

Hydrogensulphide 
inMEA 

Spent Catalyst 

Neccesary to control the 
through the compressor 

Equipment needs cooling. Water can 
become contaminated when pipes 
leak. Also process water is 
discharged from e.g. the compressor 
or the MEA unit. 
The reacted gas can also be 
considered as waste. 

Desulphurization reactions 

The recycle gas is treated in a liquid
extractor, which uses MEA as the 
solvent. The rich MEA contains S 
Catalysts need to be changed every l
Il h years for the main reactors and 

10 weeks for the reactor. 

The gas is treated in a flash-drum, 
to strip it from hydrocarbons and 
water. Then it is sent to an liquid
extractor unit, which removes 

S. The is then 
Sour water is treated in a different 
plant, which produces sulphur. 
This is sold. 
The H2S is separated from the 
MEA and treated in the same 

as the sour water. 
Catalysts are regenerated outside 
the plant site. 

Wastes can also be caused by mis-operation. In case of an emergency off-specification 
product and unused reactants can be produced. There are several measures that can be taken 
to prevent mis-operation. The product can be reprocessed and the reactant can be recycled. 
Tight control systems, alarms and interlocks can be installed to reduce the risk of mis
operation. Also sample points, equipment drains and pumps should be sited so that any leaks 
flow into the plant effluent collection system and not into sewers. 

Noise and visual impact are also considered as waste, but since the plant already exists, the 
added effect will be minimal. 
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10 Process safety 

As in every design, attention has to be paid to safety. There are many methods available to 
assess the safety of a process, some Ie ss elaborate than others. From literature[14] these 
methods can be divided into four classes: 

• Class 1: based solely on the properties of the materials used. For example: 
Flammability and reactivity. 

• Class 2: takes the quantities of hazardous materials into account. 
Class 1 and 2 together indicate the potentialof a hazard. 

• Class 3: includes penalties for hazardous operation, i.e. conditions which increase the 
potential for and probability ofunwanted events (e.g. high pressures). 

• Class 4: takes into account certain preventive and protective measures. The resulting 
hazard is that of after the plant has been modified. 

For this report two methods are mandatory: HAZOP (Hazard And Operability Study) and the 
Fire and Explosion Index assessment from DOW, which are both class 3 methods. The 
HAZOP focuses on safety in operation in general and interactions between units. The DOW 
F &E Index focuses on fire and explosion risks. 
Also some minor attention will be paid to the toxicity of components in the process. A class 1 
method will be used here: the NFP A Material Factor. 

10.1 Toxicity 
The American National Fire Protection Agency (NFP A) has developed a simple hazard index, 
which ranks hazards in 3 categories: Flammability, Reactivity and Health. Ratings (numbers) 
are assigned, which range from 0 (no hazard) to 4(maximum hazard). A more detailed 
explanation can be found in 15.3.1. 
As can be seen from Table 15.6, H2S, NH2 and MEA have a rating of 3 or higher. This means 
that these components cause serious injury. 
H2S is a highly toxic and also flammabie gas. As ammonia it has a MAC-value which is lower 
than 20 mg/m3

) . H2S is a key-compound in the process and extra care should be taken to 
prevent accidents that release this compound to the environment. 
From the LDso data it can also be seen that MEA is harmful, by comparing this data with the 
classification given in Table 15.7. 

10.2 Fire and Explosion Index 
A hazard classification has been made of the process according to the DOW fire and 
explosîon index [15]. The detailed index for all units is shown in 15.3.2. For every unit a 
degree of hazard is calculated. Normally they are summarized in one sheet per unit, as in 
Table 15.9, where an example of an index sheet is given for the compressor. 
From the table presented in the appendix it is clear that almost all units have an index between 
1 and 24, which means a light hazard. The compressor has an index which is around 65 , 
which means a moderate hazard. The compressor is the most hazardous unit in the process. 
Overall the process does not present any high risks. 
The hazards are classified as in Table 10.1. The Fire and Explosion Index is ended by 
determining exposure areas. A summary sheet is presented Table 10.2. The explanation is as 
follows: The compressor represents a 62% damage probability to 381 m2 of surrounding area, 
in the event of an accident. 
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T bI 101 D a e .. eg ree 0 f H d for Fire and Explosion index azar 

1-60 light 
61-96 Moderate 
97-127 Intermediate 
128-158 Heavy 
159-up Severe 

10.3 HAZOP 

Process Unit 
Com 

Basic Materials for Material Factor 
Light Hydrocarbons, Hydrogen 

ExxonMobil 
TUDelft 

The HAZOP has the advantage that it involves interaction of hazards between units. It is 
normally performed in a team of experts and is a very extensive operation. For this report, a 
'reduced' HAZOP is done, which means that not all available guide-words will be used and 
only the following equipment will be considered: Reactor section, HPHS (DO 1), Fractionator 
(D03), Compressor (COl) and Pump 1 (POl). Only one flash-vessel is chosen, because all 
have the same function and about the same operating mode, except for pressure and 
temperatures. 
The complete HAZOP can be found in 15.3.3. 

10.4 Conclusions and recommendations concerning safety 
Overall this process presents some risks because of the high operating pressure. Some 
components are hazardous and extra care should be taken to prevent these components from 
entering the environment. 
Measures like tight control structures, clear emergency plans, frequent emergency exercises 
and dikes are not redundant. 
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11 Economy 

In modifying an existing plant, simulations and calculations are required to get a proper 
design. But the design also needs to be economically profitable. Therefore the investment 
costs, annual production costs and the income should be determined. Once those major 
economie values are determined, economie criteria, costs review, sensitivities and negative 
cash flows can be calculated in order to get proper understanding of the design in an 
economie perspective. 
In this chapter, the economie information for the design is given. Ca1culations and 
assumptions can be found in 15.6. All economie calculations are done according to [16]. 

11.1 Investment costs 
For the calculation of the investment, the "Lang Method" is used [16]. As determined in 
chapter 5.1, the following new equipment will be used in the 'new' design: (1) Reactor 3 
(R03); (2) Change of Reactor 2 (R02); (3) Heat-Exchanger 1 (E01); (4)E01; Heat-Exchanger 
2 (E02) and (5) Pump 1 (POl). For those units, the Major Equipment Cost is calculated. This 
is multiplied by the "Lang-factors" for direct-costs for every unit, followed by multiplying 
with the "Lang-factors" for indirect-costs. Summation ofthe Fixed Capital Cost per Unit, will 
give the Total Investment Cost. How the "Lang-factors' are determined is explained in 
15.6.1.1. 

Table t1.1: Total investment cost with costs per unit (PCE: Major Equipment Cost, PPC: Physical Plant 
Cost, FCCU: Fixed Capita I Cost per Unit). 

262 2.55 667 1.45 967 

124 2.55 316 1.45 458 

124 2.55 316 1.45 458 

53 2.55 136 1.45 197 

2.714 

11.2 Production Costs 
The annual production (operating) costs are the costs which occur every year. The production 
costs are determined as deviation of the current process (so not the total operating costs are 
determined). 
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Table 11.2: Total annual produetion eosts of the new design of the GO-flner (annual produetion eosts are 
extra eosts for the new design; eurrent annual produetion eosts are not included). [16] 

Produetion Cost ($/kg) nrrlnl1,~Tlrm cost/annual GO-finer Distillate 

Remarks: 
• Calculations of(1) raw materials costs and (3) utility costs, can be found in 15-86. 
• The products of the GO-Finer (GO-Finate, Distillate, Naphta and other products) are 

feedstock for other processes on the ExxonMobil site. Therefore the shipping and 
packaging costs can be neglected. 

• For the revamp ofthe existing GO-finer, no extra labour is required. Existing labour is 
sufficient to handle the changes in the process. In addition the operating labour (and 
therefore the laboratory costs, supervision and plant overheads) are equal to zero. 

• The process used has exclusively been designed for ExxonMobil. Therefore no 
royalties and licence fees had to be paid and this factor will be equal to zero. 

11.3 Income and Cash-Flow 
The income of the products from the GO-finer can be determined from the economic values 
of GO-Finate, GO-Finer Distillate, Naphtha and Off-Gas. However, economical analysis is 
performed only for the changes in the process and assumes current costs constant. Those 
current costs are not taken into account for the economical analysis. This means that the 
current values of the products are also not taken into account. 
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By reducing the sulphur content in the Distillate stream to 50ppm and GO-Finate to 200 ppm, 
extra economie value is added to the streams. Also change in density ofthe GO-Finate stream 
gives extra economic value. The ratio of produced GO-Finate, Distillate and Naphtha is called 
the spread between them. This will also increase the economic value of the streams. In Table 
11.3 the increase of the economie value is given. 

Remarks: 
• The simulations as discussed in 8.2 predict the sulphur content in the Distillate to be 

50ppm. Therefore the decrease to 10ppm is not taken into account. 
• Because of (R03) the amount of mild hydro-cracking will be higher in comparison 

with the current GO-finer operation. Although the density of the GO-Finate stream 
will be lower, no absolute value is determined and therefore not considered in the 
economic analysis. 

• The magnitude of the streams of the GO-Finate, Distillate and Naphtha are decided 
with the use of pseudo components in the simulation. Therefore the real spreading of 
those streams is not determined. Because a slight increase in hydro-cracking can be 
expected due to the extra reactor, the GO-Finate stream will be smaller and the 
Distillate and Naphtha stream will be larger in the new design. Exact values are not 
known and therefore not taken into account in the economic analysis. 

The (extra) annual income of the new GO-finer design is determined with the use of the 
following formula: 

(annual) income = increase economic value * mass flow Distillate * operating time 

The total annual income is 9.6'103 k$/yr. 

It has to be mentioned that this income is fictive. The income is the extra value of the 
Distillate stream, but is not necessarily extra income from sale. 
The "net cash-flow" at any time is the difference between the earning and expenditure of a 
system (difference between annual income and annual operating costs). In this design, the 
"net cash-flow" will be -95* 1 0·1 03 k$/yr which means the design will cost the company 
95Million dollars each year. 

11.4 Economic Evaluation 
The negative "net cash-flow" of this project is in economie perspective unfavourable. It 
means that the project will never pay back, but only cost extra money each year. With that in 
mind, it is useless to determine the Rate On Return (ROR), Pay Out Time (POT) and the 
Discounted Cash Flow Rate on Return (DCFROR=earning power). All of those economic 
values will be negative and has no more value than just an indication that the project cost 
money each year instead of making profit. 
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The investment costs of the project are small, in comparison with the annual operating costs. 
The main factor responsible for the high annual operating costs is the raw materials costs, of 
which the hydrogen consumption is the key factor. In order to make this project economically 
profitable, the use of hydrogen should be lowered significantly. But for deep 
desulphurization, more hydrogen is required, which makes it hard to reduce it. Even with 
increase of efficiency in the new design, the hydrogen consumption will still be large (in 
comparison with the current system). 
It has to be mentioned that the purpose of deep desulphurization of the Distillate stream is not 
to make more profit; future legislation demands lower sulphur content ofthe Distillate stream. 
Adaptations of processes caused by new legislations will usually cost money, instead of 
making it more profitable. However, the extra costs should be as low as possible. 
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12 Creativity and group process tools 

It was agreed with ExxonMobil that this chapter could be omitted. The creativity will be 
discussed with the group and creativity coach. As the content of this report is proprietary, the 
group coach will not read the report. Therefore, it is not necessary to have this topic in this 
report. 
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13 Conclusions 

13.1 Conclusion 
In this CPD project a revamp of a process has been performed to reduce the sulphur 
concentration in Distillate. This design has been worked out to some extent. 
The current process produces Distillate, which contains 2500 ppm sulphur. The sulphur 
content needed to be reduced to 50 ppm, caused by expected changes in legislation. The 
current process is composed of: 

• Areaction section of two reactors. One is a guard reactor, which removes 
contaminants (metals) and a second reactor, where desulphurization, denitrofication 
and mild hydrocracking reactions occur; 

• A separation section for the vapour-stream, where the produced hydrogen sulphide 
(and ammonia) is removed; 

• A separation section for the liquid-stream, where the produets are separated. 

After literature research process options have been proposed, from which one option was 
chosen. 
The chosen option was to add an additional reactor to the current reaction section, which has 
the same catalysts and thus performs the same reactions. This reactor will be a fixed-bed 
reactor, with internals that separate vapour- and liquid-streams at the bottom of the reactor. 
The current reactor will need the same internals as weIl, in order to separate the vapour- and 
liquid-streams. The reactors will operate in semi-countercurrent mode, which means that the 
liquid goes from the current reactors to the new reactor and the vapour in reverse order. 
The changes in the reaction section require changes in the separation sequence. The vapour 
from the second reactor demands separation of the hydrocarbons from the unreacted hydrogen 
(and formed hydrogen sulphide). The liquid from the third reactor is now sent directly to the 
LPHS. After the LPHS both the liquid and the vapour stream go through a heat exchanger. 

A simulation was made in two programs: Matlab® to simulate the reactor section and 
Aspen® to simulate the rest of the process. 
In Matlab® it was proven that the target of 50 ppm sulphur in the Distillate could be reached. 
For this an extensive simulation was written to calculate rate-constants. Also the volume of 
the new reactor and the extra hydrogen consumed could be determined. 
In Aspen® was proven that the recycle is still within constraints. Also mass- and heat
balances were made using this program. Due to difficulties in the simulation these balances 
were not closing. Simulation in Aspen® is performed with the use of pseudo components and 
in Matlab® with real components. 

An economie evaluation was performed. This proved however that this option is not 
economically profitable. The annual operating costs were too high, caused by the fact that 
much more hydrogen is needed for operation (hydrogen is very expensive). Adaptations 
caused by new legislation will usually cost money instead of making more profit. 

Finally a safety analysis was done. The re sult of this was that the compressor presents the 
highest risks, caused by high pressure and hydrogen as medium. Hydrogen is an explosive 
gas. Also MEA, used in the extraction unit, proved to be a harmfulliquid. 
Measures were recommended to reduce risks. 
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13.2 Recommendations 
Because the hydrogen consumption is the most important cost factor, the component 
distribution [7] provided by Exxon Mobil should be validated. The current use of hydrogen is 
significantly lower then what is calculated with the Matlab ® simulation based on the 
component distribution. 
A further investigation about the use and possibilities of new and enhanced catalysts for the 
GO-finer unit might result in lower hydrogen consumption. 
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15 Appendices 

15.1 Thermodynamics and kinetics 

II 

III 

V 

VI 9 80:02 
7 s 3 

6 4 

VII 

VIII Not in feed 

IX 

X Not in feed 

XII 

XIII 

HYD of Benzene-ring (BT, DBT, DBDT) 

HYD of C-C bond (not cyclic) 

benzothiophene (BT) 

Dibenzothiophenes (DBT) without substituents 

DBT with substituents at 4 OR 6 positions 

DBT with substituents at 4 AND 6 positions 

Dibenzo-di-thiophene (DBDT) 
And DBDT with substituents at 2 and/or 6 
positions 

DBDT with substituents at 4 and/or 9 positions 

C-C bond (not aromatic ) 

C-C bond (between 2 cyclic carbons) 
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Desulphurization occurs only with saturated molecules. 
Cracking does not occur with sulphur containing molecules, only after desulphurization. 
For simplicity: cyclic rings do not crack, this can be argued since these reactions have been 
observed. 

Exceptions: 

~~ 
~=~ 

0-6-1 
D-7-4 

Molecule desulphurizes first, then HYD, because the sulphur is easily accessible. 

15.1.1 Summary of Thermodynamic Information 

T bI 152 S a e .. f h d .. ~ f bt' d from principles ummary 0 t ermo Iynamlc m orma Ion 0 ame 

S115 (feed 8116 
toRX) (RX effluent) 

T (DC) 323 394 
P (bar) 101 92.37 

wt frac L 0.8320 0.5004 

Enthalpy -0.8638 -4.6655 
(MWatt) 
Cp (kJlkg K) 
Gas 5.2746 3.8708 
Liquid 2.9187 3.2242 
Compressability 1.0398 1.0330 
(z) of gas phase 

Density (kg/mJ
) 

Gas 16083.0204 29158.9873 
liquid 727.2856 619.1355 
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Table 15.3: True boiling point curve (vol%) and required specifications (API gravity, temperature, 
pressure, density, tlowrate and tlashpoint) for feed and products (Naphtha, Distillate and GO-Finate) 

''n. 

~ r~l\;CIU 

distilled 
Feed IN.· 'I~ Distillate GO-Fnuik 

0 180 40 128 314 
5 241 85 182 362 
10 260 92 216 382 
20 295 99 251 406 
30 330 105 267 426 
40 360 111 279 444 
50 410 128 292 463 
60 430 165 308 482 

70 470 240 327 502 
80 500 265 350 524 
90 540 313 380 557 
95 570 365 402 588 

100 680 366 459 665 
C1 'i cati ons 

Ik 

Standard API 47 28 16 
gravity 

Standard 0.79 0.8858 0.9589 
specific 

gravity (H2O, 
60F) 

Ttll(o~) 310 47 45 90 

Pressure (bar) 100 6.5 8.7 6.6 
Rate (tlhr) 3 78 54 

FlaSh, Ib~~t -33 65 214 
(CC, 
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15.1.2 Proposed Reactions 

Hydrogenation reaction: 

~~ 
~~~= 

11 0-6-1 
0-7-4 -l1 

c% 
filÖ fin fin 
Q u =Qr U =- cr U

B
_
4

_
1 

8-7-2 B-2-2 ~ 

W 
~ A-7-2 

Co"~ c5\9 
/'- JÖl /'- JÖl /'- JÖl /'- f) F-3-2 

Qrlg~U~UU=cru 
~'" oP '09 '" , .. , 
8a~'6:9~'~@=00f=09=09 

W~§9)" 2B D-2-1 C-3- 1 

A-5-3 F-4-1 

Oc©~ 
C-5- 1 

A-6-3 

oo~oo~ro=ro===-CO===-CO 
8-6-1 8-7-1 A-I-I A-2-1 A-4-1 F-5-1 

0-1-1 C-3-2 "' B-5-2 A-7-1 OON/ F-3-1 A-2-3 

~c#-~-4_2 ce2c#-c& 00 00 00 0 0 
00 ~ 0 ~ 0 = 0 = = A-I~ 
D-'-' 00-' c-,-, , .. , ,... W9 
#-#-# F-2-1 

0-2-3 A-7-3 F-I-I 
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MisceUaneous components: 

a#~0~0 00 0 0 0 
00 0 0 ~ 

0-6-2 0-7-1 0-4-2 0-3-2 

Hydrogenation of Sulphur containing components: 

Q-y 
A-6-1 G-I-I 

00- çO-çO -

~ -~--=' 
o 
F-6-2 

co 
8-2-1 G-3-2 F-5-1 

~-~-Q,û 
C-7-1 G-3-1 G~-l.n ~ .n 
~' @-Ö ~-O:U-ü:V 0ÇfQJ - 0ÇfQJ s s 

~_c.~~, ~ _~ crB 
0 -1-2 0-3-1 ~ ~ / 

cr~JQJ 
C-5-2 

oLQO - roLQO -©LçO -ct:ç() 
0-7-2 G-I-2 G-4-2 G-7-2 

-s lÖJ -s D -s iJ -s iJ -s- iJ 
ooçror -~ -~ -CPN-~ 

G-3-3 G-6-3 
0-4-3 0-6-3 G-7-3 

o s AYs~ ~sr-N ~sr--rO 
Cl - dO 0:_3S Cl - ~s;Q - ~s--O - ~:-V 

+ s / G-2-3 

OSsO-O sO 

sO 
G-7-4 
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Hydrogenation of Nitrogen containing components: 

E-7-1 E-I-I 

869-o&-~~ 
1-3-2 1-5-2 1-7-1 t 1-2-1 

~Qt9 9.0~-~ 
lOç© ©J 

~~I ~~I 

Polairs 

1-2-2 
F-7-1 

0 
A-3-1 

OH 

0 
A-5-1 

F-7-2 

/S~ 

G-2-1 

F-7-3 A-6-2 

1-1-2 

SH 
~O~ ~ 
H-I-I OH H-I-2 H-2-1 

020 00" cJ9 (;" 
HO H-4-1 

H-3-1 
H-2-2 OW H-3-2 

OS, °00 °15 
H-5-1 H-5-2 H-6-2 H-7-1 
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15.2 Stream summary 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

5,69 796,23 

7,'11 1176,03 

8,79 1l7~ , 14 

10,116 1667,37 

12,83 llSl ,67 

29,58 5493,54 

ll,91 51166,04 

25,70 5301 ,36 

24,20 5ll9,n 

22,70 5196,81 

12,68 5463,25 

26,26 6053 ,22 

23,44 6221,64 

15,29 4258)9 

11,97 >496,12 

11 ,70 35!IJ,07 

15,04 482~ ,73 

33,16 11104,62 

29,96 111642 ,04 

29)~ 1I161 ,~ 

31 ,17 1l031 ,ll 

12,01 9911 ,95 

15,85 7631 ,74 

5,30 2738,43 

3)8 21m,'II 

2,96 17J5,30 

2)0 1678,52 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

5,69 

7,97 

8,79 

10,116 

12,83 

29,58 

ll,91 

ll,70 

24 ,20 

12,70 

12,68 

26,26 

23 ,44 

15,29 

11,97 

11 ,70 

15,04 

33,16 

29,96 

29,14 

31 ,17 

12,01 

15,85 

5,30 

3,78 

2,% 

2,70 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

796,lJ 5,69 

1176,03 7,97 

137~, I~ 8,79 

1607,37 10,116 

llSl ,67 12,83 

~93,54 29,58 

51166,04 ll,91 

5301 ,36 ll,70 

5ll9,n 2~ ,20 

51%,81 22,70 

5463,25 22,68 

6653,22 26,26 

6221,64 lJ,44 

4258,29 15,29 

3496,12 11,97 

35!IJ,07 11 ,70 

481~ ,73 15,04 

11 104,62 ll,16 

111642,04 29,% 

11362 ,~ 29,14 

13031 ,25 31,17 

9911 ,95 22,01 

7631 ,7~ 15,85 

2738,43 5,30 

2fl2,97 3,78 

1735,30 2,% 

1678~2 2)0 

0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

7%,lJ 5,69 

1176,03 7,97 

1374,14 8,79 

1607,37 10,116 

2251 ,67 12,83 

~93,54 29,58 

51166,04 25,91 

5301 ,36 25,70 

52\9,n 24 ,20 

5196~1 22,70 

5463)5 22 ,68 

6653)2 26,26 

6221,64 23,44 

~258)9 15,29 

3496,1l 11 ,'11 

35!IJ,07 11 ,70 

4824,73 15,04 

11104,62 33,16 

111642 ,04 29,96 

1I161 ,~ 29,24 

1l031)5 31 ,17 

9911,95 22,01 

7631,74 15,85 

2738,43 5,30 

2012,97 3,78 

1IJ5,30 2,96 

1678,52 2,70 

1,00 

-~155l95 , 30 

27,14 

49,78 

0,00 0,00 

0,00 41 ,42 

0,00 16,59 

0,00 155,85 

0,00 136,12 

0,00 16,47 

0,00 7,92 

0,00 5,02 

0,00 12,70 

0,00 10,60 

0,00 6,52 

0,00 9,~2 

0,00 0,00 

796,lJ 4,69 

1176,03 6,29 

1374,14 6~3 

1607,37 6,% 

2251 ,67 8,15 

~93 ,~ 17,116 

5066,04 1l,49 

5301,36 11,90 

5259,72 9,14 

5196,81 8,02 

~63,25 6,90 

6053,1l 6,80 

6221 ,64 5,18 

4258,29 2,14 

3496,1l 1,14 

3580,07 1,48 

482~,73 1,55 

11104,62 2,80 

111642 ,04 1,88 

1I161 ,9~ 1,02 

13031)5 0,69 

9911,95 0,29 

7631 ,74 0,12 

2738,43 0,02 

2082,97 0,01 

1IJ5,30 0,00 

1678,52 0,00 

~75,93 140000,00 m,93 140000,00 475,93 140000,00 m,93 140000,00 2558,00 

111,02 176,66 179,90 199,80 1820,42 

1811)1 

240,67 

261,05 

329,70 

409,45 

469,29 

537,39 

571 ,lJ 

651 ,35 

188,21 

240,67 

261 ,05 

329,70 

409,45 

469,29 

537,39 

571,lJ 

651,35 

188)1 

140,67 

261,05 

329,70 

409,~5 

469,29 

537,39 

571)3 

651 ,35 

188)1 

240,67 

261 ,05 

329,70 

409 ,~5 

469)9 

537,39 

571)3 

651)5 
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-lJ693199,00 
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90,00 
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-8508l70,4O 

31 ,~5 

0,00 0,00 0,00 0,00 

705,36 3,26 55,51 41,42 

731,42 1,57 69,34 16,59 

2500,32 7,76 1l4,42 155,85 

4639,07 11 ,24 383,17 136,12 

495,ll 1,19 35,67 16,~7 

~,ll 0,92 53,34 7,92 

291 ,61 0,62 36,31 5,02 

916,116 2,02 145 ,~9 12,70 

743,11 2,00 140,61 10,60 

561 ,81 1,25 107,33 6,52 

811 ,95 1,90 163,35 9,42 

0,00 0,00 0,00 0,00 

657 ,10 2,94 411 ,14 4,69 

927,92 ~, 45 656,15 6,29 

1020,74 5,31 830,24 6~3 

1153,10 6 ,~ 1013,18 6,% 

1430,41 8,90 1562,32 8,15 

3168,03 21 ,73 4035,96 17,116 

2638,96 19,93 3897,90 1J,49 

24~ ,05 20,61 4251 ,33 11,90 

2140,01 20,09 4367,39 9,14 

1837,19 19,41 4443 ,80 8,02 

1161,43 19,87 4787,98 6,90 

17lJ,1I 23,50 5953,18 6,80 

1374,09 21,32 5660,21 5,18 

790,05 14,12 3932,01 2,14 

537,99 11,20 3270,70 1,14 

4~,16 11,116 3J86,62 1,48 

498,38 14,37 460!,6O 1,55 

937,fl 31 ,93 111691 ,42 2,80 

1I:JJ,67 29,11 10340,33 1,88 

3'11,10 28,76 11175,14 1,02 

286,41 30,14 12892,75 0,69 

128,74 21 ,87 9848,09 0,29 

58,ll 15,79 7602,17 0,1l 

1I ,1l 5,29 2711 ,65 0,02 

4,43 3,Tl 21181J,61 0,01 

1,88 2,% 1734)8 0,00 

0,85 2,70 1678,04 0,00 

-256,116 

198,48 

ll5,63 

334,n 

414,7] 

474,66 

540,18 

575,01 

653,04 
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90,00 

1,00 

-5595726,80 

20,90 

0,00 0,00 0,00 

705,36 40,Tl 694 ,32 

731 ,42 16,26 717,11 

2500,32 1~,62 2480,55 

4639,07 1Jl,93 4564,71 

495,25 16,ll 488,64 

~,ll 7,71 448,36 

291 ,61 4,87 283,29 

916,116 12,19 879,lJ 

743,11 10,07 7116,50 

561 ,81 6,18 532,83 

811,95 8,90 7M,Tl 

0,00 0,00 0,00 

657,10 3,66 512,93 

927,92 4,72 695,62 

1020,74 4,63 724,98 

1153,10 4,64 768,07 

1430,41 5,02 881 ,87 

3168,03 9,61 1714,37 

2638,96 6,89 1347,43 

24~, 05 5,40 1I1J,1l 

2140,01 3,90 847,91 

1837,19 2,n 623,89 

1661,43 1,97 474,58 

17lJ,1I 1,60 405,90 

1374,09 1,00 265,35 

790,05 0,44 Ill ,M 

537,99 0,22 64,71 

4~,16 0,14 42,00 

498,38 0,11 34,67 

937,fl 0,15 ~9,05 

1I:JJ,67 0,116 lJ,OI 

397,10 0,01 5,62 

286,41 0,00 2,07 

128,74 0,00 0,44 

58,25 0,00 0,09 

11,12 0,00 0,01 

4,43 0,00 0,00 

1,88 0,00 0,00 

0,85 0,00 0,00 

44871 ,97 W4,ll 28188,61 

I~~ ,n 

15-64 

90,00 

0,00 

-3871661,60 

688,95 

0,65 

0,32 

1,23 

2,18 

0,22 

0,20 

O, I~ 

0,51 

0,52 

0,34 

0,52 

0,00 

1,03 

1,57 

1,89 

2,32 

3,1J 

7,45 

6,60 

6,50 

5 ,~ 

5,30 

4,93 

5,20 

4,18 

2,40 

1,62 

1,35 

1,45 

2,65 

1,82 

1,01 

0,68 

0,28 

0,12 

0,02 

0,01 

0,00 

0,00 

83,67 

28,02 

-257,18 

105 ,~ 

llJ,14 

271,54 

307,42 

l45 ,~ 

~lJ ,02 

453,% 

51J ,~1 

0,00 

11 ,04 

14,32 

19,n 

74,31 

6,611 

II~I 

8,31 

36,83 

36,61 

28,98 

45,18 

0,00 

144,1: 

lll,3 

295,71 

385,0: 

548,> 

1l83,1 

12~ ,~ 

1l4O,\ 

1292,1 

IlIJ,: 

1186,1 

IJ17,i 

IIfl,i 

1I:JJ,2 

473) 

m,1 
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flI-''' - <JU1f,l 

l .<JIN 'lJlaIT Q~ ... r& .~W ,,'. 
IIIdI./qldf . ~ 1\\ . ,.. _lil RtS_BIM ... rwD17 DUI./qIdfBIM 

~-
fQc~FtIiI V.. ElOf • ElI ... 

~~l1e 388,98 3~,00 J90,00 43,00 «IJ,OO 400,00 348,55 350,00 165,44 46,00 

Prell\lelbar) 90,00 110,00 110,00 100,00 3,00 3,00 5,00 3,00 90,00 ~,oo 

~apoorfooor 0,00 0,00 1,00 0,00 0,00 1,00 0,19 0,83 0,73 0,64 

~:m' 
'27564861,00 1'252717J7,00 ·4114379,00 ·87671HJ2,00 ·18166~ ,00 -429341J,70 ·2ID1562,00 ·6316456,~ 1'9Jl72389,00 1·102J59~ ,00 

696,45 7rfl,'iI 26,93 995,~ 715,48 8,20 185,35 10,50 43,60 65,19 

~verage 246,59 249,31 14,02 18,02 346,1J 146,97 290,13 146,97 1J,44 13,44 

pha!e l/JXEl) lIQUID VAPOR lI~D U~D VAJIOR lllXED lllXED lllXED I/IXED 

~ ... Ifr lmaIIIW !WIr lIIIIIr lIfIr ~ ~ lIIIIIr ~~. ... ~ ~ ~ ~ ~ . .!f': .. .1maIIIW ... IIIIIIrIlf'l!' 
~ 62,46 125,92 65,15 1J1 ,33 1563,25 3151 ,Jl 0,00 0,00 0,37 0,71 64,n 130,58 0,37 0,71 64,n !l1,58 1956,iX> 3943,18 1956,iX> 3943,18 

~o 0,54 9,71 0,43 7,71 33,58 604,91 1110,17 20000,00 0,00 0,01 0,43 7,74 55,51 1000,01 0,43 7,74 1159,n 2('693,59 1159,n 2f!93,59 

~ 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 

~3 3,91 66,55 3,27 55,67 26,94 458,73 0,00 0,00 0,iX> 0,95 3,21 54,n 0,iX> 0,95 3,21 54,n ~,n 694,Jl ~,n 694,32 

~3 1,90 83,66 3,36 148~5 22,94 1011 ,41 0,00 0,00 0,07 3,f! 3,29 145,27 0,07 3,f! 3,29 145,27 16,26 717,11 16,26 717,11 

~I 8,99 144,18 15,98 256,41 212,71 341J,61 0,00 0,00 0,17 2,68 15,82 253,73 0,17 2,68 15,82 253,73 154,62 2480,55 154,62 2480,55 

~2S 1J,42 4'i1,53 5,26 179,23 41 ,34 14OI,iX> 0,00 0,00 0,1Il 3,21 5,16 176,02 0,1Il 3,21 5,16 176,02 m,93 4564,71 1Jl,93 4564,71 

P 1,41 42)8 0,98 29,50 8,~ 267,11 0,00 0,00 0,02 0,46 0,97 29,04 0,02 0,46 0,97 29,04 16,25 488,64 16,25 488,64 

~C4 1,12 65,24 1,40 81 ,39 7,71 450,51 0,00 0,00 0,04 2,10 1,36 79,JO 0,04 2,10 1,36 79,30 7,71 448,36 7,71 448,36 

~4 o,n 44,62 1,24 n,07 6,37 370,10 0,00 0,00 0,03 2,00 1,21 7O,f! 0,03 2,00 1,21 70,08 4,87 283,29 4,87 283,29 

~5 2,53 182,33 2,31 166,71 9,22 665,27 0,00 0,00 O'f! 5,98 2,23 160,80 O,tII 5,98 2)3 IW,M 12,19 879,23 12,19 879,23 

pClOPEN 2,53 In,21 2,28 IW,21 7,61 533,71 0,00 0,00 0,10 6,87 2,19 153,34 0,10 6,87 2,19 153,34 10,07 7iX>,50 10,07 7('(,,50 

~5()'fEX 1,58 136,31 1,64 141,35 5,40 465,62 0,00 0,00 0,07 6,16 1,'iI m,19 0,07 6,16 1,57 m,19 6,18 532,83 6,18 532,83 

~6 2,42 2f!,53 2,55 220,03 7,96 686,16 0,00 0,00 0,12 10,11 2,44 lal,93 0,12 10,11 2,44 211l,93 8,90 766,n 8 ,~ 766,n 

~02 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 

fcl8SC 3,97 556,01 2,02 283,29 1,95 m,7I 0,00 0,00 0,29 ~,07 1,74 243,22 0,29 ~,07 1,74 243,22 3,66 512,93 3,66 512,93 

fcl98C 6,00 881,46 3,26 480,41 2,n 4flI,iX> 0,00 0,00 0,52 7I,'fI 2,74 01)4,41 0,52 7I,'fI 2,74 01)4,41 4,n 695,62 4,n 695,62 

fc212C 7,20 1125,'fI 4,15 649,14 3,05 476,85 0,00 0,00 0,71 116,56 3,~ 532,58 0,75 116,56 3,40 532,58 4,63 m,98 4,63 m,98 

fc226C 8,86 1468,20 5,43 8'f1,28 3,43 568,91 0,00 0,00 1,11 183,Jl 4,Jl 715,96 1,11 183,Jl 4,32 715,96 4,64 768,07 4,64 768,07 

fc2~ 12,03 2110,86 7,80 1369,71 4,22 741,f! 0,00 0,00 1,81 317,54 5,'fI l1Ii2,24 1,81 317,54 5,99 11Ii2,24 5,02 881 ,87 5,02 881 ,87 

fc254C 29,19 5419,62 19,97 3701,11 9,21 1710,51 0,00 0,00 5,25 97\,58 14,n 27J3,53 5,25 97\,58 14,n 2733,53 9,61 1784,37 9,61 1784,37 

~67C 26,54 5189,42 19,01 3718,55 7,52 1470,87 0,00 0,00 5,62 111/8,62 IJ,~ 2619,93 5,62 111/8,62 13,~ 2619,93 6,89 1347,43 6,89 1347,43 

fel8\( 27,11 5592,27 20,JO 4188,22 6,81 1404,04 0,00 0,00 6,76 1394,07 13,55 2794,15 6,76 1394,07 13,55 2794,15 5,40 11IJ,12 5,~ IIIJ,12 

fc295c 26,03 5659,50 20,JO 4411,71 5,74 IW,n 0,00 0,00 7,58 1648,38 12,71 2763,41 7,58 1648,38 12,71 2763,41 3,90 811,91 3,~ 847,91 

~ 24,71 5657,1Il 19,97 45n,88 4,74 IflI4,21 0,00 0,00 8,35 1910,96 11 ,63 2661 ,92 8,35 1910,96 11,63 2661 ,92 2,n 623,89 2,n 623,89 

~lJC 24,80 5974,82 20,71 4988,64 4,1Il 986,19 0,00 0,00 9,63 2319,38 1I,f! 2669,25 9,63 2319,38 11 ,f! 2669,25 1,97 474,58 1,97 114,58 

~37C 28,69 n70,39 24,66 6W,28 4,04 1003,11 0,00 0,00 12,68 3212,97 11,98 3034,31 12,68 Jl12,97 11,98 J034,31 1,60 4I1i ,~ I,W 405,90 

~5OC 25,50 6768,96 22,44 5956,26 3,iX> 812,70 0,00 0,00 12,61 3346,92 9,83 2609,34 12,61 3346,92 9,83 26I1l,34 1,00 265,35 1,00 265,35 
PCl64C 16,52 4600,22 14,86 4136,43 1,67 463,79 0,00 0,00 9,1Il 2530,9\ 5,n 1605,52 9,1Il 25JO,91 5,n 1605,52 0,44 121,84 0,44 121 ,84 

PCJ7IC 12,82 3743,98 11,71 3431 ,~ 1,07 312,58 0,00 0,00 7,78 22n,39 3,97 1159,01 7,71 22n,39 3,97 1159,01 0,22 64,71 0,22 64,71 

PCJ92C 12,41 3798,79 11,56 3538,iX> 0,85 260,73 0,00 0,00 8,21 2512,37 3,35 1025,68 8,21 2512,37 3,35 1025,68 0,14 42,00 0,14 42,00 
PC4iX>C 15,82 5On,f! 14,94 4290,1Ii 0,88 282 ,Jl 0,00 0,00 11 ,29 3620,89 3,65 1169,16 11,29 3620,89 3,65 1169,16 0,11 34,67 0,11 34,67 

PC420C 34,58 11579,<!i ]J,OI 11055,54 1,56 523,91 0,00 0,00 26,27 8796,53 6,71 2259,01 26,27 8796,53 6,71 2259,01 0,15 49,05 0,15 49,1Ii 

PC4J9C 30,93 11I/85,'fI 29,89 1iX>19,0I 1,03 166,'fI 0,00 0,00 25,24 8965,98 4,65 1653,02 25,24 8965,98 4,65 1653,02 0,iX> lJ,OI 0,iX> lJ,OI 

PC470C 29,76 11567,32 29,22 IIJ'iI ,JO 0,54 210,00 0,00 0,00 26,66 10361,12 2,56 996,19 26,66 10361,12 2,56 996,19 0,01 5,62 0,01 5,62 

PC495C 31 ,52 131n,1Il 31 ,17 13029,16 0,35 111,93 0,00 0,00 29,47 m19,00 l,lII 710,15 29,11 m19,00 1,70 710,15 0,00 2,07 0,00 2,07 

PC52lC 22,16 9976,39 22,01 'fI1I ,51 0,14 64,88 0,00 0,00 21,32 9600,84 0,69 310,67 21 ,32 9600,84 0,69 310,67 0,00 0,44 0,00 0,44 

PC549C 15,91 7660,33 15,85 7631 ,65 0,iX> 28,68 0,00 0,00 15,57 7496,04 0,28 135,60 15,'iI 7496,04 0,28 135,W 0,00 0,09 0,00 0,1Il 

PC578C 5,31 2743,76 5,JO 2738,42 0,01 5,33 0,00 0,00 5,25 21\],78 0,1Ii 24,65 5,25 21\],71 0,1Ii 24,65 0,00 0,01 0,00 0,01 

PC607C 3,78 21185,04 3,78 2082 ,97 0,00 2,07 0,00 0,00 3,76 2073,66 0,02 9,31 3,76 2073,66 0,02 9,31 0,00 0,00 0,00 0,00 

PCb3SC 2,97 1736,15 2,96 17l5,JO 0,00 0,85 0,00 0,00 2,96 17l1 ,58 0,01 3,n 2,96 1731 ,58 0,01 3,n 0,00 0,00 0,00 0,00 

PC664C 2,70 1671,~ 2,70 1678,52 0,00 0,38 0,00 0,00 2,lII 1676,93 0,00 1,59 2,70 1676,93 0,00 1,59 0,00 0,00 0,00 0,00 

• .'" TOTAI. flOW 591 ,~ 145831,43 524,89 13f!60,02 2022,84 28365,JO 11 10,17 20000,00 269,n 93356,76 255,17 37503,26 325,22 94356,76 255,17 37503,26 3584,49 48188,61 3584,49 48188,61 

m' 3/1r 209,39 185,11 lIIi3,48 2O,1Il 130,48 <!i73,04 SOl,iX> 3571 ,89 1I11i,15 739,16 

"Cn(c,lIIII) "" 
m 225,n 225,n 

5% 287,02 287,00 

Im 319,'fI 319,99 

~ 4l,88 4l,88 

50% 451 ,98 451 ,98 

71ll 500,43 500,43 

~ 557,76 557,76 

p5% 598,81 593,81 

110Ill 660,91 660,91 
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0,00 0,00 

34,64 590,00 

13,28 585,63 

151,99 2438,29 

118,42 4035,89 

15,1lI 453,40 

5,18 301,05 

2,98 172,95 

310,83 

185,24 

112,16 

1,50 129,62 

0,00 0,00 

0,01 1,95 

0,01 1,64 

0,01 0,99 

0,00 0,59 

0,00 0,38 

0,00 0,41 

0,00 0,17 

0,00 0,1lI 

0,00 0,03 

0,00 0,01 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 

88,00 

0,00 

·9121~,00 

993,63 

88,00 

0,00 

·5590135,30 

787,01 

0,00 0,00 6,13 

0,00 0,00 2,98 

0,00 0,00 2,63 

0,00 0,00 15,52 

0,00 0,00 1,17 

0,00 0,00 2,53 

0,00 0,00 1,90 

0,00 0,00 7,88 

0,00 0,00 7,43 

0,00 0,00 4,88 

0,00 0,00 7,39 

0,00 0,00 0,00 

0,00 0,00 3,65 

0,00 0,00 4,70 

0,00 0,00 4,63 

0,00 0,00 4,63 

0,00 0,00 5,02 

0,00 0,00 9,61 

0,00 0,00 6,89 

0,00 0,00 5,40 

0,00 0,00 3,90 

0,00 0,00 2,n 
0,00 0,00 1,97 

0,00 0,00 1,60 

0,00 0,00 1,00 

0,00 0,00 0,44 

0,00 0,00 0,11 

0,00 0,00 0,14 

0,00 0,00 0,11 

0,00 0,00 0,15 

0,00 0,00 0,(1; 

0,00 0,00 0,01 

0,00 0,00 0,00 

0,00 0,00 0,00 

0,00 0,00 0,00 

0,00 0,00 0,00 

0,00 0,00 0,00 

0,00 0,00 

·254,35 

·62,87 

·33,53 

89,88 

234,01 

265,93 

312,02 

335,76 

382,10 

6,94 

0,00 0,00 

104,32 0,42 

131,47 11,95 

42,27 136,79 

528,82 1,29 

35,25 13,57 

147,30 4,66 

110,34 2,68 

568,40 3,88 

521,26 2,38 

420,67 1,17 

637,15 1,35 

0,00 0,00 

510,98 0,00 

693,97 0,00 

nJ,99 0,00 

767,48 0,00 

881,50 0,00 

1783,96 0,00 

1347,26 0,00 

1113,04 0,00 

847,87 0,00 

623,88 0,00 

474,57 0,00 

405,90 0,00 

265,35 0,00 

121,84 0,00 

64,71 0,00 

42,00 0,00 

34,67 0,00 

49,05 0,00 

23,01 0,00 

5,62 0,00 

2,07 0,00 

0,44 0,00 

0,C9 0,00 

0,01 0,00 

0,00 0,00 

0,00 0,00 

4540,85 

0,00 

7, 15 

527,07 

2194,46 

43,94 

4IlI,(I; 

270,95 

155,66 

279,75 

166,n 

100,94 

116,66 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

4540,85 

0,00 0,00 

0,42 7,15 

11,95 527,07 

136,79 2194,46 

1,29 43,94 

13,57 4IlI,(I; 

4,66 270,95 

2,68 155,66 

3,88 27'J,75 

2,38 166,n 

1,17 100,94 

1,35 116,66 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

0,00 0,00 

1,00 

·3820011,00 

14,97 

4,C9 

7,47 

0,00 

0,42 

11,95 

136,79 

1,29 

13,57 

4,66 

2,68 

3,88 

2,38 

1,17 

1,35 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

Proprietary Information 

134,60 

0,00 

7,15 

527,07 

2194,46 

43,94 

4IlI,1ii 

270,95 

155,66 

279,75 

166,n 

100,94 

116,66 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,66 

·6566621,50 

33,98 

148,87 

0,00 

3,21 

3,29 

15,82 

5,17 

0,97 

1,36 

1,21 

2,23 

2,19 

1,57 

2,44 

0,00 

1,75 

2,77 

3,49 

4,68 

6,79 

16,47 

14,71 

14,62 

13,54 

12,26 

11,58 

12,44 

10,16 

5,93 

4,07 

3,42 

3,71 

6,85 

4,71 

2,57 

1,70 

0,69 

0,28 

0,05 

0,02 

0,01 

0,00 

54,73 

145,28 

253,73 

176,04 

29,04 

79,31 

70,09 

160,84 

153,40 

135,25 

210,02 

0,00 

244,38 

407,93 

546,24 

776,00 

1192,07 

3059,01 

2875,94 

3015,82 

2943,47 

2805,98 

2790,60 

3151,28 

2696,13 

1651,55 

1187,65 

1047,54 

1190,44 

2293,87 

1671,30 

997,19 

710,52 

310,75 

135,62 

24,65 

9,31 

3,n 

·44278363,00 

5,18 

65,73 

463,57 

0,00 

4,46 

8,11 

16,92 

13,92 

1,53 

7,67 

7,78 

46,03 

52,88 

40,56 

67,50 

0,00 

52,25 

n,78 

74,91 

56,11 

18,21 

6,89 

1,53 

0,57 

0,25 

0,11 

0,05 

0,03 

0,01 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

ExxonMobil 
TUDelft 

8351,40 

0,00 

75,96 

362,62 

271,45 

474,33 

46,01 

445,87 

452,12 

3321,43 

3708,71 

3495,25 

5816,73 

0,00 

7313,97 

10737,09 

11717,81 

9297,59 

3195,56 

1278,73 

300,16 

117,90 

53,87 

25,37 

12,57 

7,01 

3,05 

0,91 

0,31 

0,13 

0,(1; 

0,(1; 

0,01 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

4,46 

8,11 

16,92 

13,92 

1,53 

7,67 

7,78 

46,03 

52,88 

40,56 

67,50 

0,00 

52,25 

n,78 

74,91 

56,11 

18,21 

6,89 

1,53 

0,57 

0,25 

0,11 

0,05 

0,03 

0,01 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

15-66 

3,00 

1,00 

·17I6J7l" 

2,39 

0,00 0,00 

75,96 1,95 

362,62 5,81 

271 ,45 18,51 

474,33 19,73 

46,01 2,09 

445,87 3,24 

452,12 2,41 

3321,43 5,33 

37re,71 4,09 

3495,25 2,20 

5816,73 2,73 

0,00 0,00 

7313,97 0,03 

10737,09 0,02 

25,37 

12,57 

7,01 

3,05 

0,91 

0,31 

0,13 

0,(1; 

0,(1; 

0,01 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 

0,00 
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f'N'!!f' ~MV "'""" 'OlW - .. ~ ..... % ,,- .... -m1lO' <0'111" -- IIIIIlFIIC Go-IIIIIf GoI'InIIt rlll\tll ... FIIC .".. FllCIIIIul lIIIIIIt .... ae lIIIIIIt FllC8ciIIaII.ae PIaIact RIS ,., 
~~ure lc) 45,00 45,94 45,94 357,M 357,M 90,00 457,14 ~,oo M,~ 

IPr15lLle11lM1 3,00 3,00 3,00 2,70 2,70 2,70 3,00 3,00 100,00 

~i\IOIflractiin 0,00 0,00 0,00 1,00 0,00 0,00 0,00 0,00 0,99 

~tIlipyiW l '39Jl6671,00 ·m4960,40 1,27044677,00 ·2301 63,20 '15230154,00 '28243634,00 1,9443449,00 ,25697790,00 ·674M12,70 

l0er6itylkg/m' 31 966,32 275,89 275,89 II,~ 673,28 890,45 718,71 999,~ 12,61 

~Vll'iI!eMW 18,00 120,49 120,49 201,51 2'fJ,77 2'IJ,77 414,'IJ 414,'IJ 3,68 

- 1I~0 AlXBl IIJXBl VIJlOR lK)UIO lIQUIO lIQUIO 1I~0 AlXBl 

I @~, 31"bIIr liIIIIIInr .~ .. . 'iIIGInr liP :~ '* lInIlIUlr ... , ~~ lIIIiIIIIr ~ I" • . *. ~~* 
[Hl 0,00 0,00 0,115 0,10 0,45 0,91 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 )B1,03 6712,93 0,00 0,00 

1H20 438,74 7904,11l 2,13 38,32 19,14 344,86 O,~ 8,24 0,03 0,56 0,03 0,56 0,04 0,65 0,04 0,65 30,87 556,21 0,00 0,00 

IY<A 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 

INH3 7,31 124,56 0,13 2,25 1,19 20,29 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,29 5,01 0,00 0,00 

~3 0,00 0,00 0,54 23,81 4,86 214,28 0,00 0,01 0,00 0,01 0,00 0,01 0,00 0,00 0,00 0,00 15,35 676,95 0,00 0,00 

ICI 0,00 0,01 0,10 1,67 0,94 15,04 0,00 0,01 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 179,75 2883,61 0,00 0,00 

IHlS 0,11l 2,95 0,96 32,79 8,66 295,11 0,00 0,01 0,00 0,01 0,00 0,01 0,00 0,00 0,00 0,00 0,90 30,76 0,00 0,00 
p 0,00 0,00 O,~ 1,83 0,55 16, 51 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 24,86 747,14 0,00 0,00 

11C4 0,00 0,00 0,70 4O,'IJ 6,27 364,49 0,00 0,01 0,00 0,01 0,00 0,01 0,00 0,00 0,00 0,00 4,59 266,66 0,00 0,00 

11(4 0,00 0,00 0,73 42,23 6,54 J80,~ 0,00 0,01 0,00 0,01 0,00 0,01 0,00 0,00 0,00 0,00 4,26 247,56 0,00 0,00 

11(5 0,00 0,00 4,86 3'IJ,51 43,n 3154,71 0,00 0,115 0,00 O,~ 0,00 O,~ 0,00 0,01 0,00 0,01 3,46 249,n 0,00 0,00 

paOPEN 0,00 0,01 5,62 394,29 'IJ,6O 3548,60 0,00 o,~ 0,00 0,11l 0,00 0,11l 0,00 0,01 0,00 0,01 1,66 116,70 0,00 0,00 

IISOOEX 0,00 0,00 4,32 m,67 38,92 3354,00 0,00 0,115 0,00 0,11l 0,00 0,11l 0,00 0,01 0,00 0,01 0,82 70,66 0,00 0,00 

11(6 0,00 0,00 7,21 621,87 14,95 5596,87 0,00 0,11l 0,00 0,16 0,00 0,16 0,00 0,01 0,00 0,01 8,10 697,66 0,00 0,00 

~01 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 

IPCI8IC 0,00 0,00 5,59 782,10 'IJ,28 7038,92 0,01 1,17 o,~ 7,77 o,~ 7,77 0,00 0,47 0,00 0,47 0,00 0,00 0,00 0,00 

IPCI98C 0,00 0,00 7,75 1142,77 69,71 10284,92 0,02 3,52 0,18 27, 15 0,18 27,15 0,01 1,01 0,01 1,01 0,00 0,00 0,00 0,00 

IPC21K 0,00 0,00 7,95 1243,98 71 ,58 11195,86 0,11l 13,66 0,80 125,13 0,80 125,13 0,01 2,~ 0,01 2,~ 0,00 0,00 0,00 0,00 

I 
IPCl26C 0,00 0,00 6,1JI 1~,42 54,67 9057,81 0,36 60,04 3,96 655,47 3,% 655,47 0,01 4,00 0,02 4,00 0,00 0,00 0,00 0,00 

, IPCl« 0,00 0,00 2,32 407,69 20,90 3669,28 0,80 139,83 10,45 1834,88 10,45 1834,88 0,115 8,57 0,115 1,57 0,00 0,00 0,00 0,00 

IPC254C 0,00 0,00 1,65 ~,26 14,M 2756,36 1,75 325,49 27,76 5154,31 27,76 5154,31 0,17 32,39 0,17 32,39 0,00 0,00 0,00 0,00 

IPC26IC 0,00 0,00 0,84 114,74 7,58 1482,67 1,31 256,01 24,84 ~56,92 24,84 ~56,92 0,23 44,14 O,B 44,14 0,00 0,00 0,00 0,00 

IPC28IC 0,00 0,00 0,60 12l,11l 5,37 111JI,85 1,07 221 ,67 24,77 5111l,96 24,77 5111l,% O,ll 68,21 0,33 68,21 0,00 0,00 0,00 0,00 

IPC295C 0,00 0,00 0,41 90,17 3,73 811,57 0,83 180,1JI B,ll 5071,56 B,ll 'lJ71,56 0,45 97,93 0,45 97,93 0,00 0,00 0,00 0,00 

Ipcm: 0,00 0,00 0,28 14,93 2,55 584,33 0,63 144,115 21,81 4994,12 21 ,81 4994,12 0,60 m,73 0,60 m,73 0,00 0,00 0,00 0,00 

IPC32lC 0,00 0,00 0,20 ~,71 1,82 438,43 O,'IJ 121,35 21,63 5212,00 21,63 5212,00 0,84 202,51 0,84 202,51 0,00 0,00 0,00 0,00 

IPCll7C 0,00 0,00 0,16 41 ,29 1,47 371,61 0,46 116,97 24,75 61n,04 24,75 61n,04 1,34 339,86 1,34 ll9,86 0,00 0,00 0,00 0,00 

IPC3~ 0,00 0,00 0,10 26,84 0,91 241 ,56 0,33 86,79 21,74 5770,14 21,74 5770,64 1,60 424,13 1,60 424,13 0,00 0,00 0,00 0,00 

PCJ64C 0,00 0,00 0,04 12,27 0,40 110,47 0,17 ~,04 13,86 3858,32 13,86 3858,32 1,39 W,67 1,39 387,67 0,00 0,00 0,00 0,00 

PC378C 0,00 0,00 0,01 6,'IJ 0,20 58,51 0,10 28,64 10,49 lIli5,91 10,49 lIli5,91 1,45 423,70 1,45 423,70 0,00 0,00 0,00 0,00 

PC392C 0,00 0,00 0,01 4,21 0,12 37,92 0,07 21 ,86 9,81 lOO4,73 9,82 lOO4,73 1,87 571 ,13 1,87 571 ,13 0,00 0,00 0,00 0,00 

PC406C 0,00 0,00 0,01 3,47 0,10 31,26 0,07 21 ,28 11,87 3807,03 11,87 3807,03 3,16 1014,22 3,16 1014,21 0,00 0,00 0,00 0,00 

PC420C 0,00 0,00 0,01 4,91 0,13 44,20 0,10 34,85 24,111 ~2,94 24,01 ~2,94 9,1JI 3036,76 9,07 3036,76 0,00 0,00 0,00 0,00 

PC4l9C 0,00 0,00 0,01 2,30 O,~ 20,n 0,115 18,27 17,27 61Jl,88 17,27 61Jl,88 12,68 4511'i ,85 12,68 4511'i,85 0,00 0,00 0,00 0,00 

PC470C 0,00 0,00 0,00 0,56 0,01 5,~ 0,00 1,00 1,82 7115,63 1,82 7115,63 27,42 1~56 ,75 27,42 1~56,75 0,00 0,00 0,00 0,00 
PC495C 0,00 0,00 0,00 0,21 0,00 1,87 0,00 0,37 1,11 465,11 1,11 465,11 l!,~ 12565,92 l!,~ 12565,92 0,00 0,00 0,00 0,00 

PC52JC 0,00 0,00 0,00 0,04 0,00 0,39 0,00 0,111 0,44 196,l! 0,44 196,30 21,58 9715,61 21,58 9715,61 0,00 0,00 0,00 0,00 

PC549C 0,00 0,00 0,00 0,01 0,00 0,111 0,00 0,01 0,17 84,21 0,17 84,21 15,67 7547,51 15,67 7\47,51 0,00 0,00 0,00 0,00 

PC578C 0,00 0,00 0,00 0,00 0,00 0,01 0,00 0,00 0,03 15,16 0,03 15,16 5,27 1n3,21 5,27 2m,21 0,00 0,00 0,00 0,00 

iPC607C 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,01 5,70 0,01 5,70 3,77 2077,27 3,77 2077,27 0,00 0,00 0,00 0,00 

PC63IC 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 2,27 0,00 2,27 2,% 17lJ,03 2,96 17lJ,03 0,00 0,00 0,00 0,00 

PC664C 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,00 0,97 0,00 0,97 2,70 1677,55 2,70 1677,55 0,00 0,00 0,00 0,00 

TOTAlFlOW 446,14 8031,61 61,47 7~,36 553,24 66657,36 9,19 1851,59 297,11l 74501,14 297,11l 74501,14 144,75 6Olll,00 144,75 6Olll,00 l604,95 1l262,11l 0,00 0,00 

~ 
8,31 9,55 85,91 161,24 110,65 83,67 83,~ 60,04 11151,38 0,00 

210,""" 
t ~0 ~ 

IR '56,01 ·56,01 201,75 220,44 301,20 301,20 

5% 28,15 28,15 m,85 249,44 249,44 399,15 399,15 

IIR 47,40 47,40 242,75 259,20 259,20 421,56 421,56 
J()% 101,77 1111,77 260,94 297,80 297,80 4n,11 m,11 

5O'l 198,99 198,99 280,l! 336,59 336,59 498,03 498,03 

rlll 217,13 217,13 ~,42 381,17 381,17 528,27 528,21 

j9aI 249,92 249,91 353,49 426,17 426,17 584,~ 584,~ 

P5% 275,~ 275,~ 385,12 #l,47 #l,47 624,68 624,68 

110IlI 334,96 334,96 425,21 ~1,12 ~1 ,12 667,49 667,49 
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15.3 Safety 

15.3.1 NFP A Material factor 
An explanation of the ratings is given in Table 15.4. Sinee flarnmability and reaetivity are 
already eovered by the DOW index, only Health will be elaborated on here. 

Table 15.4: National Fire Protection Agency (NFPA) rating system for Flammability, Reactivity and 
Health 

Flash point > 100°C 

20°C <flash point 

Flash point >20°C 

Non-reaetive even 
fire 
Mildly reaetive, upon 
heating and pressure 

Signifieantly 
without heating 

Detonation possible 
eonfinement 
Detonation possible 
without eonfinement 

exposure eauses 
death or serious injury. 

The NFPA values are based on measurable properties. For health they are based on MAC
values. The Duteh Pressure Vessel Code grades the rating aeeording to the MAC-values, 
shown in Table 15.5. 
In 3.4 a pure eomponents summary is given. It eontains some MAC-values for eomponents in 
the proeess. These are eopied to Table 15.6 where also the health rating is assigned. Also 
some LDso data is given. These ean be eompared with Table 15.7. 

Table 15.5: HeaIth ratin estimate according to the Dutch Pressure Vessel Code[14] 

MAC>100 0 

20<MAC<50 2 

5<MAC<20 3 

1 <MAC<5 4 

MAC<l 5 
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lC4 
Butene 
NC4 1430 0 
lCS 

Toxie 25-200 50-400 

Harmful 200-2000 400-2000 
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15.3.2 DOW Fire and Explosion index 
Table 15.8: Fire and Explosion Index for Go-Finer. All indexes are determined 

,.... .... ---~---
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The material factor is deterrnined by using lists provided by [15]. For components that are not 
listed, estimation can be made using flash points or boiling points. 
An example ofan index sheet is given in Table 15.9. The meaning ofthe letters is also given 
in Table 15.9. Points H through L are not considered, because of a lack of inforrnation on 
these subjects. 

Table 15.9: 

Fire & Explosion Index 
Index for the com ressor 

Division: 

8000 
He = 7333 

kPa 
kPa 

tor Material Factor 
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15.3.3 HAZOP 
Table 15.10: HAZOP ofthe revamped GO-Finer (1) 

911 ..• ~"J!I It."tl"n. :i. ~ Causê """ ~ 

Reactor no Flow 1. No Loss of feed to (a) Ensure good 
section hydrocarbons reaction section, communications 
(RO 1 ,(R02), available at the reduced output with storage 
(R03) feed storage tank tank operators 

(not In process or 
chosen, but In (b) install low 
current process) level alarm 

setting 
3. Line blockage, As in 1 Covered by (b) 
or valve closed 

4. Line fracture As in 1 (c) Institute 
Hydrocarbons regular 
discharged into patrolling and 
environment inspections of 

lines 
Reaction 5. Not enough Product not on spec (d) Install flow 

Hydrogen controllers 
(e) Recirculate 
of product 

6. Temperature to As in 5 ( e ) Install high 
low level alarm 

More Temperature 7. Not enough Higher pressures in Covered by (e) 
quench lines 

8. Local Risk of reaction Covered by (e) 
insufficient runaways 
mixing 

Pressure 9. Higher reactor Covered by (e) 
hold up 
10. Valve failure Covered by (d) 

Less Temperature 11. To much Less reaction, Covered by (e) 
quench product not on spec 
Not enough 
reaction 

HPHS Part of Phase 12. Temperature To much Install 
(DOl) to high/low hydrocarbons In temperature 

recycle controllers 
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Compressor More 

less 

Fractionator no 

Pressure 

Flow 

Pressure 

TUDelft 

13. Higher feed Rapture of pipes Safety relief 
pressure, due to or equipment valves should be 
cooling failure down stream at installed to 
or flow-control too high pressures depressurize at too 
failure 
14. Failure of Too large flows 
flow-control downstream, 

reaction and 
separation can be 
upset, product 
specifications 

not be met 
15. Lower feed Product 
pressure, due to specifications not 
high pressure met due to low 
drops upstream, hydrogen 
or leakage of pressure m 
pIpes reactor system. If 

leakage: loss of 
valuable materials 
and exposure to 
flammabie 
materials 

Purge with Safety 
relief valve if 
possible or 
regulate stream 
with other control 
structures. Repair 
flow control. 
Unit shutdown, 
remove (partial) 
blockage casmg 
high pressure drop 
(renew catalyst 
bed), closure of 
leakage. 

Flow 16. Leakage in Plant exposed to Unit shutdown, 

Flow 

pipe upstream flammabie closure of leakage 
material and loss 
of valuable 
materials 

17. Power Pump stops, U se safety relief 
failure reflux fails, valve to get rid of 

separation IS extra vapour, stop 
upset and vapour feed to 
stream enlarged. fractionator 

(probably GO-
finer 

18. Steam No stripping Use safety 
failure steam, separation valves to send 

is upset because products (off spec) 
of disappearance to blown down 
vapour stream, system, or if down 
products off spec, stream processing 
GO-Finate IS can handle the 
larger products just 

repau steam 
failure 
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More Temperature 19. Condenser At too high Safety relief valve 

less 

Flow 

Temperature 

Flow 

or cooler failure temperatures to get rid of over 

20. Failure of 
up stream 
equipment or 
control 
structures 

2l. 
Temperature 
controller fails, 
too much 
cooling 

22. Failures 
upstream either 
control structure 
orleakage 

equipment can be pressure, 
damaged and shutdown 
vapour pressures 
can become too 
high which result 
in rapture/damage 
of equipment 

If additional load 
cannot be 
handled, flooding 
will occur, 
equipment 
damage and/or 
leakage of 
flammabie 
materials can be 
consequence 
Products will be 
off spec if 
temperature is too 
low 

If flow is too low 
trays can dry up, 
damage to 

fractionator if 
condenser or other 
cooler fails, 
products will be 
off spec. unless 
fractionator can 
still operate within 
specs. 
Send additional 
load to 
blowdownlflare 
system if 
fractionator can 
not handle the 
load. 

If the off spec is 
unacceptable send 
products to 
blowdown system 
or store reprocess 
it again. 
If fractionator is 
drying up shut it 
down, if there is a 
leakage more has equipment. 

Leakage 
flammabie 

of to be shutdown to 

materials can 
cause fire and 
explosion 

stop leakage 
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15.4 Eguipment Summary Sheets 
In the following equipment summary sheets, the equipment in italic is not new. Therefore 
information provided is limited. 

n .... iN: (R03) ?r~fi;'ator r.fls rg~t! (D05) ~~ Name: Reactor Frac. 
Ov(%{Jzead Side- unit 

I : ~ 
~ ti drum >ltl'ipper 

Pressure rbarl. 100 31 90 .~ 3 2.7 88 88 
Temp. [0C): 390 18i 300 400 45 358 46 46 

49(Y 
Heat Duty (kW) 960 2613 1327,9 2837.8 2.8 

Volume [m3
]: 70.4 

Diameter [m]: 3.00 
L orH [m]: 10.0 

Internals 
- Tray 

Type: 
- Tray 

Number: 
- Fixed 

Packing: 
Type: 

Shape: 
Fixed - Catalyst: 

Type: bed 
NiMo 

Shape: Catalyst 
- bed 
- volume: 

64 m3 

Materials of CS 2.25 Trays: 
Construction: Cr Column 

Internal: 
3 mmSS 
347 

Other: Nr Trays: 
28 

Remarks: 
1: Top stage/Condenser 
2: Bottom stage/Reboiler 
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1\qjipment (E01) (E02) (E03) (E07) (E08) (E09) (EIQ) 
nl',! Heat Heat Heat Frac~. sIi1 Cooler Cooler Cooler 
Name: Exchawtet, Et{ybanger .. xl&chanJ!er.~ Con 11 ia "',- f® 

Substance 
Tubes: Feed Feed Feed Light HC Gofina Distill H2, H2S, 

H2, H2S, te ate H2O, 
H20 C1-C5 

Shell: H2, H2S, HC(mediu H2, H2S, n.a n.a. n.a. n.a. 
Cl-C5 m-heavy C1-C5 
HC (light- boiling) HC (light 
medium boiling) 
boiling) 

Duty 2043 3580 43521 -16056 -1 7914 -14400 -10900 
[kW]: 
Heat 169.74 165.94 18704 

exchange 
area rm2l: 
P [bar]: 
Tubes: 110 110 110 3 3 3.8 100 
Shell: 3 3 90 
T lOC] 
IN 1 OUT 
Tubes: 250/288 288/308 3081351 187145 491146 381190 172146 
Shell: 400/350 400/350 4001318 
Remarks: 1 Duties calculated with Aspen ® 
2 Heat exchange are as based on method [16] 
3. HC= Hydrocarbons 
4. See ... for calculation of heat exchange area' s 

Equipment nr: *POl COJ 
Name: PumP. ComvresS:Qä, 
Medium transferred: Heavy HC Treat-gas 
Capacity 

[Vhr] 209394 727190,1 7 
Density [kg/m3

] 696 24,8 
Pressure [bar] 

Suct. 1 Disch.: 90/110 801110 
Temperature 
IN 1 OUT [0C]: 389/390 42. 7191.3 
Power [kW] 

Theoretically: 31.4 
Actual: 152,18 1393,9 

Remarks: 
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15.5 Eguipment Specification Sheets 
The following sheets contain infonnation on equipment that is new, compared to the current 
installed Go-Finer. The fractionator is an exception. 

Service: 
Column Type: 
Tray Type: 
Tray Number (1) 

Theoretical: 
Actual: 
Feed (actual): 

Distillation 
tray 
cap / sieve / valve / __ 

28 

Tray Distance (HETP) [mI: 

SI27 STAGE 28 
SI59 STAGE 28 
S143 STAGE I 
SI37 STAGE 8 
same as current 
same as current 
same as current 
same as current 
same as current 

Tray Material 
Column Diameter [mI 
Colum Height [m] 
Column Material 
Pressure drop 

Temp. [0C] 
Pressure [bar] 
Density [kg/m3

) 

Mass Flow 

HYDROGEN 1,00 
WATER 1,00 
NH3 1,00 
C3 1,00 
Cl 1,00 
H2S 1,00 
C2 1,00 
IC4 1,00 
NC4 1,00 
NC5 1,00 
CYCLOPEN 1,00 
ISOHEX 1,00 
NC6 1,00 
PC185C 1,00 
PCI98C 1,00 
PC212C 0,99 
PC226C 0,93 
PC240C 0,62 
PC254C 0,19 
PC267C 0,05 
PC281C 0,02 
PC295C 0,01 
PC309C 0,00 
PC323C 0,00 
PC337C 

0.1 bar/ stage 

<S137> Top Bottom 
<S138> <S146A> 

348 351 201 491 
5 3 3 5.7 
120 10.6 5,2 679 
94357 39338 70354 60000 

Split Fractions 

0,00 0,00 
0,00 0,00 
0,00 0,00 
0,00 0,00 
0,00 0,00 
0,00 0,00 
0,00 0,00 
0,00 0,00 
0,00 0,00 
0,00 0,00 
0,00 0,00 
0,00 0,00 
0,00 0,00 
0,00 0,00 
0,00 0,00 
0,00 0,01 
0,00 0,07 
0,00 0,38 
0,00 0,81 
0,01 0,94 
0,01 0,97 
0,02 0,97 
0,03 0,97 
0,04 0,96 

5 
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Reflux Side stream 
<S143> <Sl61> 
46 335 
3 3.8 
779 696 
66053 76396 
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PC350C 0,00 0,07 0,93 
PC364C 0,00 0,09 0,91 
PC378C 0,00 0,12 0,88 
PC392C 0,00 0,16 0,84 
PC406C 0,00 0,21 0,79 
PC420C 0,00 0,27 0,73 
PC439C 0,00 0,42 0,58 
PC470C 0,00 0,94 0,06 
PC495C 0,00 0,96 0,04 
PC523C 0,00 0,98 0,02 
PC549C 0,00 0,99 0,01 
PC578C 0,00 0,99 0,01 
PC607C 0,00 1,00 0,00 
PC635C 0,00 1,00 0,00 
PC664C 0,00 1,00 0,00 - .. Column Internals . "IJ" ,., 
Same as current 
Remarks: Tray numbering from top to bottom 

Equipment Number: (EOl) "~'@'\ Y· 
NaUJ~: Heat exchan2er • Genera) Data ,. • 
Type :Fixed Tube Sheets 
Position: 
Net Duty [kW] : 2043 (Calculated) 
Heat Exchange Area [m2

] : 169.7 (Calculated) 
Overall Heat Transfer Coefficient [W/m2.oK]: 113.6' (Estimated) 
LMTD(Oq : 1062 (Estimated) 

'" Proèess Conditlons\1 * 
Medium TUBE side <Feed-S112> Medium Shell side <S126L> 
Mass Stream [kg/hr] : 140000 Mass Stream [kg/hr] : 37503,26 
Average Specific Heat[kJ/kg] : -1039,51 Average Specitic Heat [kJ/kg) : -412,13 
Temperature IN [0C] : 250 Temperature IN [0C] : 400 
Temperature OUT [0C] : 287 Temperature OUT [0C] : 350 
Pressure [bar] : IlO Pressure [bar] : 3 
Material : Heavy Feed Material : Light Hydrocarbons, H2, H20 

Remarks: 1: From [13] 
2: See ... for calculations 
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Medium TUBE side <8113> 
Mass Stream [kg/hr] 
Average Specific Heat[kJ/kg] 
Temperature IN [0C] 
Temperature OUT [0C] 
Pressure [bar] 
Material 

Remarks: 1: From [13] 
2: See 15-83 for ca\culations 

Equip~elillfNumbéf: (E03) 
Name: Heat exchaoeer 

Type :Fixed Tube Sheets 

Position: 
Net Duty [kW) 
Heat Exchange Area [m2

] 

: 140000 
: -986,97 
: 287 
: 308 
: 110 
: Heavy Feed 

(Ca\culated) 
(Ca\culated) 

(Estimated) 

Medium Shell side <S126L> 
Mass Stream[kg/hr] 
Average Specific Heat [kJ/kg] 
Temperature IN [0C] 
Temperature OUT [0C] 

: 93357 
: -708,26 
: 400 
: 350 
: 3 

TUD elft 

Pressure [bar1 
Material : Medium-Heavy boiling HC, 
H2, H 20 

."General Data 

: 3520 (Ca\culated) 
: 1870 (Ca\culated) 

Overall Heat Transfer Coefficient [W/m 2.oK]: 113.6' (Estimated) 
LMTD(°C) : 252 (Estimated) 

• ~Process ConditiobS w. 
iiIi 

Medium TUBE side <SI14> Medium Shell side <Sl16V> 
Mass Stream [kg/hr] : 140000 Mass Stream[kg/hr] : 44673 
Average Specitïc Heat[kJ/kg] : -894,92 Average Specific Heat [kJ/kg] : -334,8 
Temperature IN [0C] : 308 Temperature IN [0C] : 400 
Temperature OUT [0C] : 359 Temperature OUT [0C] : 318 
Pressure [bar] : 110 Pressure [bar] : 90 
Material : Heavy Feed Material : H2, H2S, CI-C5, HC( light 

boiling) 

Remarks: 1: From [13] 
2: See 15-83 for caIculations 
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Service: Treat-gas compressor 
Type : Isentropic Centrifugal Compressor 
Number: 1 

Compressed Gasses 
Temperature lulet (T) [0C) 
Calculated Outlet Temperature[°C) 
Density (p) [kg/m3

] 

r fraction 

Capacity (cD.) [m Is] : 2.02 
Suction Pressure (Ps) [bar] 80 
Discharge Pressure (Pd) [bar] : 110 

Net Work required [kW] 
Isentropic Efficiency [-] 
Mechanical Efficiency [-] 
Power at Shaft 

: 1393,9 
: 0.72 
: 1.00 

: H2, Light Hydrocarbons 
: 42.7 
: 91.3 
: 24,8 

: 0.9 

Pumped Liquid: 
Temperature (T) [0C): 

Heavy Hydrocarbons 
388 

Density (p) [kg/m3
]: 696 

Capacity (cD.) Im Is] :209.4 
Suction Pressure (Ps) [bar] : 90 
Discharge Pressure (Pd) [bar] : 110 
Theoretical Power [kW] : 418000 

ExxonMobil 
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Operating : 1 
Installed 0 

pum~~~~~=========:~0~.7~6~~~~~!!~~I[========================:j 
IUPM :3000 
Drive : Electrical 
Tension [V] : 380 
Rotational direction : Clock 
Foundation plate : Combined 
Flexible Coupling : Yes 
Pressure Gauge Suction : No 
Pressure Gauge Discharge : Yes 
Min. Above 

Pump House 
Pump Rotor 
Shaft 
Special provisions: 

:MS 
: Steel 
: Steel 

: 90-110 

N.P.S.H. [m] 
{=Pmpg} 

Test Pressure 

Proprietary Information 
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The heat exchange area can be determined using the following equations: 
<Pq =U.A.LMTD 

LMTD= (T,-t2)-(T2-t,) 

ln(T,-t2J 
T2-t, 

<Pq =Heat duty obtained from Aspen 

T= temperature material that will be cooled 
t= temperature of medium that will be heated 

u= Overall heat transfer coefficient and can be estimated from literature [13] 
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15.6 Economy 

15.6.1 Investment Cost 

15.6.1.1 "Lang-factors" 

ExxonMobil 
TUDelfi 

"Lang-Factors" for investment costs are divided in factors for direct costs and indirect costs. 
In the normal case where only new units are built, the "Lang-factors" will be the same for all 
units. In this case ho wever, new units are built and 'old' -units are adapted for the new design 
with minor or major changes. Therefore in this case, the "Lang-factors" for each unit are 
determined separately. 

Remarks: 
• The total direct and total indirect "Lang-factors" are summedm and in the direct 

"Lang-factor" a factor 1 is added (except for (R02». 
• f6, f7 , f8 and f9 are not added for the new and changed units, because those factors are 

only important for building an entirely new plant. 
• For the cost estimation of the changes in (R02), only fl and f2 are taken into account 

(together with all the factors for indirect costs). As the additional "Langdirect factor" 
of 1 represents the costs for manufacturing a new vessel, this factor is now not taken 
into account. The cost for the remodelling will be in equipment erection (structural 
work) and piping (including insulation and painting of new parts in the unit) as 
represented in the "Lang factors" fl and f2. 

15.6.1.2 Reactor 3 (R03) 
For the calculation ofthe purchase cost of (R03), the following data is known and required for 
calculations: 
Table 15.13: RequiredR parameters for calculation of purchase cost of (R03) . 
Reactor Vessel3 (R03) • Type Vertical Vessel 
Volume (mJ

) 70.4 
Diameter (m) 3.0 
Height (m) 10.0 
Pressure (bar) 110 
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I Material of construction I Stainless Steel 
Assumptions: 

• Volume of reactor vessel is 1.1 O*V cat,(R03) 

• For cost estimation, chosen diameter for reaction vessel is 3.0m 

Purchase cost = equipment cost * pressure factor * material factor 
Equipment costs are adapted from [16] 

Equipment cost: 40k$ 
Material factor: 2.0 (stainless steel) 

ExxonMobil 
TUDelft 

It is known that regularly the reactor will be constructed with a carbon steel outside and a 
stainless steel corrosion protective layer. However, no data was found how to combine this in 
the current calculation method. Therefore, a stainless steel reactor is assumed. An additional 
advantage ofthis approach is that an extra safety margin is now accounted for. 

The pressure in (R03) is beyond the given pressure factors. Therefore the pressure factors are 
extrapolated to get an estimation of the pressure factor at p=110bar. The correlation is given 
in Figure 15.1. 

Pressure factor; 0,90179 + 0,021SS'p 

10 20 30 40 50 60 70 80 90 100 

Pressure (bar) 

Figure 15.1: Correlation between pressure factor and pressure in reactor vessels. 

The data has been fit with a linear relation, which results in a pressure factor of 3.27 at 
p=100bar. 
This makes the purchase cost of (R03): Ce = 261.6k$ 

15.6.1.3 Reactor 2 (R02) 
For the calculation of the cost for (R02), the following data IS known and required for 
calculations: 
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The same assumptions and equations are used as in the previous paragraph 
Equipment cost: 70k$ 
Material factor: 2.0 (stainless steel) 
Pressure factor: 2.84 (see 15-83) 
This makes the purchased cost of (R02): Ce = 397.6k$ 

15.6.1.4 Heat-Exchanger 1 (E01) 

ExxonMobil 
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F or the calculation of the purchase cost of (EO 1), the following data is known and required for 
calculations: 

meters for calculation of 

Heat Transfer Area 169.7 

Purchase cost = equipment cost * pressure factor * type factor 
Equipment costs are adapted from [16] 
Equipment cost: 80k$ 
Type factor: 0.8 (fixed tube sheet) 

The pressure in (E03) is beyond the given pressure factors. Therefore the pressure factors are 
extrapolated to get an estimation of the pressure factor at p=llObar. The correlation is given 
in Figure 15.2. 

2,5 

2 ,0 PreSSln Factor· O,97S67 .. O,OO671"p 

0,5 

0,0 +---<---.-.........,~--.-........ ~,....,--.---.,.....,~,.....,---.---.--, 
o 10 20 30 40 50 60 70 80 90 100 

Pressure (bar) 

Figure 15.2: Correlation between pressure factor and pressure in heat exchangers. 

The data has been fit with a linear relation, which re su lts in a pressure factor of 1.94 at 
p=llObar. This makes the purchase cost of (E03): Ce = 124.2k$ 

15.6.1.5 Heat Exchanger 2 (E02) 
For the calculation of the purchased cost of (E02), the following data is known and required 
for calculations: 

Proprietary Information 15-85 



CPD 3345 Design ora modified GO-finer unit 

Equipment cost: 80k$ 
Type factor: 0.8 (fixed tube sheet) 
Pressure Factor: 1.94 

rchased cost of 

This makes the purchased cost of (E04): Ce = 124.2k$ 

15.6.1.6 Pump 1 (POl) 

ExxonMobi/ 
TUDelft 

For determination ofthe investment cost for specific units, the following formula is given: 
Ce=C*Sn [16] 
Ce is the purchased equipment cost, S the characteristic size parameter, C the cost constant 
and n the index for specific type of equipment. 
For (POl), these are given in Table 15.17. 

rchase costs for 

This makes the purchase equipment costs of(P01): Ce = 53.4k$ 

15.6.2 Operating Costs 
15.6.2.1 Raw Materials 
Raw materials for the new design will be H2 and Catalyst (it is chosen to calculate the catalyst 
used as an operating cost instead of an investment cost, because after each period of 1.5yr, 
catalyst beds need to be changed). In Table 15.18 the calculation of the materials costs can be 
found. 

Table 15.18: Raw material costs 
RawMaterlal Amount 

(tlh) 

Remarks: 
• Catalyst required per hour : 

o Density catalyst bed: 700kg/m3 

o Volume catalyst bed (R03): 64m3 

Costs per hour 
($/h) 

o Price catalyst (NiMo): 20$/kg (19.9k$/t) 
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o Catalyst replacement in 1.5 year; offline during 10 days. 
o (R03) online per year: 8606 hlyr (needed for calculation to costs per year) 
o Amount Catalyst (tIh) = (64*70011000)*111.5*(365*24) = 0.0034 

• Hydrogen required per hour: 
o Current hydrogen usage per hour: 1.8t1h 
o 'New" hydrogen usage per hour: 7.88t1h 
o Extra hydrogen usage per hour: 6.08t1h 

15.6.2.2 Vtilities 
Utilities required in the new design of the GO-finer can be found in 5.3. The costs of utilities 
are given by the project principles. With the use of Table 15.19, the costs for utilities are 
determined. 

Table 15.19: Utility costs of the new designed equipment. (Utilities required for existing equipment and 
units is assumed to be constant) 

Utility 'ffiJW 'll tility Price Utility Required Utility'!{ftJsts Utility Costs 
($It for 1-5) f!rrtoS) ($/hr) {k$lyr) 

($lMWhf for 6) ffor 6) • i$1 ($/MWbe for 7) e for7) 
(I) Steam-l 5.3 0 0 0 
(2) Steam-3 5.3 0 0 0 
(3) Steam-9 7.3 0 0 0 
(4) Steam-40 10.2 0 0 0 
(5) Cooling Water 0.8 0 0 0 
(6) Heating Oil 12.0 0 0 0 
(7) Electrici~ 70.5 0.152 10.7 93.4 
Total 10.7 93.4 

15.7 Matlab 

15.7.1 Matlab ® scripts 

For the determination ofthe kinetic parameters the following Matlab ® scripts were used: 

• self.m 
• RX2 fun tot.m 
• dfdV all.m 
• reac.m 
• stoich.m 

The script self.m should be run to caIculate and get answers. It uses RX2 _ fun _ tot.m and loads 
export.mat, which contains several factors with component distributions, molecular weight of 
the components and the sulphur and nitrogen content of the components. RX2 _ fun _tot 
caIculates the molar flow profile of the components in the reactor along the reactor volume. It 
uses the script dfdV.m, which gives the differential equations of all the component mass 
balances (mole based), and calls upon reac.m and stoich.m. The script reac.m contains the 
reaction rates and stoich.m the stoichiometrie matrix for all reactions. 
After self.m has run, it will save the results in a file import.mat, it creates afigure with the 
hydrogen molar flow profile and it saves the exit molar flows of all components in tuning.txt. 

For the deterrnination ofthe volume ofthe new reactor (RX2) the following Matlab ® scripts 
were used: 

• run RX2 RX3.m - -
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• RX2 fun tot.m 

• RX3 fun.m 

• dfdV all.m 

• reac.m 

• stoich.m 

The script run_RX2_RX3.m should be run to calculate and get answers. It uses 
RX2 fun tot.m for the calculations of RX2 and RX3 fun.m for the calculations of RX3. It 
loads import.mat created by self.m. Both RX2 _ fun _ tot.m and RX3 _ fun.m calculate the molar 
flow profile in the reactors (RX2_fun_tot.m for RX2 and RX3_fun.m for RX3) and use 
dfdV.m, which give the differential equations. The scripts reac.m and stoich.m are again used 
by dfdV.m to obtain the reaction rates and the stoichiometric matrix. 
After run _ RX2 _ RX3.m has run, it will save the results in results.mat, it will create two 
subplots in one figure with the hydrogen molar flow profiles in RX2 and RX3 and it will save 
the molar flow profiles of all components in results2.txt and results3.txt. 

15.7.2 Matlab ® model equations 
The model used to calculate the molar flow profile in the reactor system. The kinetic model 
used for the calculations is given by eq. 8.1. 

k.A. .A. 
R = i 'l-'j 'l-'H, (eq.8.1) 

, l+K·CH,s 

k' 
-' ·rA ·C ·rA ·C k'.C.C

H 
A.

V
2 V j V H, 

R. =' J , = -'...'1-'-'---1 _____ _ 

, l+K·C
HS , 

Ri is reaction rate of reaction i 

ki is the kinetic parameter of reaction i 

ki • tPj • tPH, 

l+K·CH ,s 

tPj is the molar flow of componentj, reactant in reaction i 

tPH is the mol ar flow of H 2 , 
K is the adsorption constant for H2S 

CH,s is the concentration ofH2S 

C H is the concentration of H2 , 
Ci is the concentration of component j, reactant in reaction i 

t/Jv is the volumetric flow rate 

ki ' is the kinetic parameter of reaction i based on concentrations 

Rnr 
nr is number of reactions 

(eq.8.1a) 

(eq.8.2) 

The stoichiometric matrix for all components and all reactions is given by eq. 8.3. 
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VI ,I VI,2 VI ,ne 

V= 
v2,l v2,2 v2,ne 

(eq.8.3) 

vnr,I vnr ,2 vnr,ne 
nc is number of components 

v . is stoichiometrie coefficient of component j in reaction i 
I,l 

The net rate of production of all components based on all reactions is given by eq. 8.4. 

fj vu·RI V2,I ·R2 vnr,I . Rnr 

r2 vI,2 ·RI V2,2 • R2 vnr,2 • Rnr 
=vT ·R (eq. 8.4) r= = 

rne vI ,ne ·RI v2,ne . R2 V nr ,ne . Rnr ,ne 

'i is the net rate of production of component i 

The molar balanee for component i and all reactions is given by eq. 8.5. 

I I d~ o = r); v - r); v +t.V + 'i . ~ V <=> dV = 'i (eq.8.5) 

V is the catalyst bed volume 

The total molar balance for all components and all reactions is given by eq. 8.6. 
dr) T -=r =v ·R (eq.8.6) 
dV 

Equation 6 gives a vector with as many rows as there are components, if this differential 
equation is solved over the volume of the catalyst bed it will give the molar flow profile of all 
components present in the reactor. 

15.7.3 Model equations BoD 
The model equations for preliminary calculations used for the BoD are given below. From the 
literature it is known that a lumped model as given by eq. 7 can be used to describe a system 
with several organic sulfur containing components. 

r is reaction rate 

k is the kinetic parameter of the reaction 

COrg- s is the concentration of the organic sulfur containing components 

C
H2 

is the concentration ofH2 

K is the adsorption constant for H2S 

CH2s is the concentration ofH2S 

The molar balance for an ideal plug flow reactor is given by eq. 8.8. 
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( I I) dCorg_s r o = COrg S - COrg S . tPv + r . Ó V<=>= -- v - V+öV dV t/Jv 

t/Jv is the volumetric flow rate 

V is the catalyst bed volume 

In eq. 8.9 the conversion X is introduced. 

X = ( Corg-SO - COrg-S ) 

COrg-SO 

Corg-S = COrg-SO . (1- X) 
C H

2
S = Corg-SO . X 

X is the conversion of organic sulfur containing components 

(eq.8.8) 

(eq.8.9) 

Corg-So is the concentration of organic sulfur containing components at reactor inlet 

ExxonMobil 
TUDelft 

Combining eq. 8.7 to 8.9 gives eq. 8.10. Eq. 8.10 can be rewritten as differential equation (eq. 
8.11), which can be solved analytically. It is assumed that the hydrogen concentration is 
constant within the reactor. The analytical solution written to solve k based on the known 
conversion is given by eq. 8.12 and the analytical solution to solve a reactor volume based on 
a known k and convers ion is given by eq. 8.13. 

dX k.Corg_So2 .(I_X)2 ·CH 
do .Corg SO .-= 2 (eq.8.10) 
'/11 - dV 1 K . C . X + org-SO 

k .COrg_S02 . V ·CH2 = 1(1 + K .Corg-~o . X) dX 

tPv ·Corg-SO 0 (I-X) 
(eq.8.11) 

k = tPv . ~org-so . [( 1 + K . Corg-SO ) . X ( 1 J] 
( 

K· COrg-SO ·ln 1- X COrg-so ·V.CH2 I-X) 
(eq.8.12) 

V = tPv·:org-so .[(I+K.Corg_so ).X ( 1 J] 
( 

K ·COrg-SO ·ln I-X 
COrg-SO ·k·CH2 I-X) 

(eq.8.13) 

15.7.4 Matlab ® results 
In Table 15.20 the kinetic parameters and the mass flow profile of the components leavin~ 
(R02) and (R03) are given. The volumes of the two catalyst beds are 108.5 m3 and 64 m 
respectively; the results given in chapter 0 are based on the mass flows in Table 15.20. 
Component ID is based on the provided component distribution [7]. The first number gives 
the column starting at the left, the second number gives the component starting at the top and 
the letter gives the row. The saturates have one row labelled with the 'f, the aromatics have 
five rows labelled 'a' to 'e', the sulphides have one row labelled 'g' and the polars have two 
rows labelled 'h' and 'i'. Because in row 'h' no component is present after the reactions have 
taken place in the current reactor and because the components of this row are present in the 
feed for 0.53 wt%, it was chosen to neglect this row. 
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15.7.5 Matlab ® scripts 
Columns have been added to make documentation more compact. 

• Self.m: 
% The file self.m ealculates the kinetie parameters based on the 
% conversions of components. It loads export.mat andd uses RX2fun.m 
% RX3fun . m. These file use dfdV all.m and stoich . m and reac . m will be used 
'f, by dfdV_all.m. 

clear all 
format compact 
format short e 

global z rho phi_m_ in phi_m_end K Mwt wt_per_in wt_per_end phi end 
h2_quench n 

load export.mat 

z = 0 . 5 ; 
rho = 730 ; 
feed 

% [ - J liquid 
~. [kg/m"3] 

% [kg/hl mass 
% [kg/hl mass 

phi_m_in = 136e3 ; 
phi_m_end = 127.8e3 ; 
K = 2 . 34 ; ~~ [m"3/molJ 

% Molecular weight of the components 
Mwt = [0 . 034 ; 

0 . 017 ; 
0 . 002 ; 
0 . 035 ; 
Mwt] ; 

% The inlet composition 
wt_per in = feed ; 

% The exit eomposition 
wt_per_end Product ; 

% Mass flows leaving the reactor 
% H2S , NE3 , E2 , light gas 
mass_gas in = [ 0 ; 0;5600;0] ; 

% Mass flows leaving the reactor 
% H2S , NH3 , H2, light gas 
mass gas end = [ 6300 ; 680 ; 6900 ; 3000 ]; 

% The molar flows at exit of reactor 

fraction of the fe ed 
density of the liquid fraction 

stream of the HC [eed 
stream of the HC effluent 

phi end = [mass gas_end ; phi_ m_ end/100*wt_ per_end] . /Mwt 

of the 

h2_quenc h 3100/(0 . 002*4} ; % [mol/hl , total quench is about 3.1 [ton/hl 

% Number of rate constants that need to be estimated 
n = 138 ; 

% Estimate of rate 
constants 
k = [0 . 2 ; 

0 . 073 ; 

0 . 073 ; 
0.05 ; 
0.05 ; 
0 . 35 ; 
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0.24; 
0.118; 
0.05; 
0.05; 
0.475; 
0.081; 
0.077; 
0.078; 
0.27; 
0.27; %20 
0.009; 
0.8; 
0.009; 
0.395; 
0.086; 
0.074; 
0.091; 
0.108; 
3.04; 
0.205; ';30 
0.0012; 
0.0415; 
0.05; 
0; 
0.27; 
0.17; 
0.31; 
0.031; 
0.01; 
0.22; ';\,110 
3.8; 
0.434; 
0.23; 
0.475; 
0.01; 
0.205; 
0.52; 
0.27; 
5.1; 
0.080; %50 
0.431; 
4.95; 
0.157; 

2.8; 
3.0; 
0.201; 
0.204; 
0.204; 
0.72 ; 
4.51; %60 
8.27; 
0.086; 
2.53; 
2.68 ; 
0.157; 
0.595 ; 
7.56; 
5.36; 
0.201; 
0.206; %70 
0.206; 
0.319; 
0.154; 
0.154; 
14.7; 
5.76; 
11.47; 
0.21 ; 
0.205; 
0.41; 't80 
0.683; 
0.428; 
0.195; 
0.21; 
0.0012; 
0.201; 
0.4320; 
0.001; 
0.0015; 
0.0001; \\90 
0.0001; 
0.1; 
0.184; 
0.415; 
4.46; 
8.16; 

% Save the resul t s a s pa r ameter vector 
param(l:n) = k(l:n); 

% In l et molar streams 
phiO = ([mass gas in;phi_m_in/100*wt_per in] ./Mwt); 

% Calcula t e t he mo la r flows for the catalyst bed volume 
[RX2,m1,m2] = RX2fun_tot(phiO,param); 

% Savi ng the results in a txt f ile : 
file = fopen('t uni.ng . t x t ', ' w '); 

phi_calc = RX2(m1,2:m2) '; 
SSres (phi_end - phi_calc) ./phi end) . A2; 
error = ones(l,length(SSres)*SSres 
for i = 1:m2-1 

ExxonMobil 

2.23; 
7.2; 
4.1; 
8.65; %100 
4.17; 
7.47; 
15.1; 
0.086; 
0.35; 
0.21; 
0.208; 
0.217; 
0.22; 
0.74; %11 0 
0.95; 
0.205; 
0.215; 
0.388; 
0.305; 
0.38; 
0.1; 
0.108; 
0.23; 
0.597 ; L20 
425e3; 
72.5e3; 
0.108; 
0; 
0.205; 
0; 
0. 2 02; 
0; 
0.405; 
0.077; f?J 13 0 
0.195; 
0.58; 
0.6 21; 
0.0415; 
0.3; 
0.225; 
0.17; 
0.089]; 

TUDelft 

fprintf(file, ' %15 . 7f %15 . 9f\n ', phi calc(i,l), SSres(i,l); 
end 
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fclose (file) i 

% Sulphur content : 
S factor = Mwt(5: (m2 -1 ) , I) . *Scontenti 
S mass = RX2(ml , 6 :m2)*S_ factor 
S_wt_per S_mass*100/phi_m_end 

% Nitrogen content: 
N factor Mwt(5 : (m2 - 1) ,I ) .*Ncontenti 
N mass = RX2(ml , 6 :m2 )*N_factor 
N_ wt_per = N_mass*100/phi_m_end 

% Save results in a workspace 
savefile = ' import . mat ' i 
save (savefile , '-mat ') i 

figure (2) 
plo t(RX2(:,I),RX2(:,4 ) 
title(' Molar flow profile in RX2 ') 
x label (' Volurne of catalyst bed / [m"3) ') 
ylabel(' Molar flows of H2 /[mol/h] ') 

• RX2fun.m: 
f unction [RX2 ,ml,m2 ) = RX2fun(phiO ,param) 

ExxonMobil 
TUDelft 

global z rho phi_m_in phi_m_end K Mwt wt_per in wt_per_ end phi e nd 
h2 quench n 

% Options for the integration 
opti ons = odeset(' AbsTol ' , 1e-3, 

% Boundary conditions 
VO Oi 
VI 12.5i 
V2 12.5 + 32 i 
V3 12.5 + 2 * 32 i 
Vf 12.5 + 3 * 32 i 

% First integration 

and d.ornain 
% [m"3] 
% [m" 3] 
% [m"3] 
% [rn"3] 
% [m"3 ] 

' RelTol ' , l e - 3 ) i 

i nit i al volume 
volume of f:i.rst cataJ. yst bed 
volume of second catalyst bed 
volume of third catalyst bed 
volume of fourth cat alyst bed 

Vspan = [VO VI] i % integration domain 
phiO(1 , 3) = phiO(I , 3) + h2_quenchi 
[V,phi) = ode45(' dfdV __ alJ. ' , Vspan , phiO , options , param) i 

% Second integration 
Vspan = [VI V2) i % integration domain 
phi(length(V) , 3) = phi(length(V) ,3 ) + h2 quench i 
phi O = phi(length(V), : ) i 
[V, phi] = ode45(' dfdV_all ' , Vspan , phiO , options , param) i 

% Third integration 
Vspan = [V2 V3) i % integration domain 
phi(length(V) , 3) = phi(le ngth(V) , 3) + h2_quenchi 
phiO = phi(length(V) , : ) i 

[V, phi) = ode45(' dfdV_all ' , Vspan, phiO, options , param) i 

% Fourth integr ation 
Vspan = [V3 Vf) i % integrat i on domain 
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ph i (length(V) , 3) = phi(length(V),3) + h2 quench; 
phiO = phi(length(V), : ); 
[V ,phi] = ode45(' d f dV_all' , Vspan, phiO , options , param); 

bed4 = [V phi] ; 
% Size of the ma trix 
[ml,m2] = size(bed4); 

% Sa v e re sults i n o ne vector 
RX2 = bed4(ml ,: ) ; 

• dfdV all.m: 
function dfdV dfdV_all(V,phi,flag,param) 

ExxonMobil 
TUDelft 

global z rho phi_m_in phi_m_end K Mwt wt_per in wt_per end phi end 
h2_quench n 

% Thc ratc constants 
k = param ; 

% Easy notation 
h2 s = phi ( 1 ) ; 

% Al l reac t ion rates oer reaction 
R = reac (phi , k) ; 

% S toi chiometr i e coeffieient matri x 
nu = stoich (R) ; 

% The model equations : 
dfdV = nu'*R/(1+K*z*phi_m_in/rho*h2s); 

• reac.m: 
fun c tion R = reac(phi, k) 

% Easy notation 
h2 = phi (3); 

R(1:41,1) = [k(1)*h2*phi(lOO); 
k(2)*h2*phi(91) ; 
k(3)*h2*phi(91) ; 
k(4)*h2*phi(82) ; 
k(5)*h2*phi(82) ; 
k(6)*h2*phi(63) ; 
k(7)*h2*phi(63) ; 
k(8)*h2*phi(71) ; 
k(9)*h2*phi(59) ; 
k(lO)*h2*phi(114); 
k(11)*h2*phi(122) ; 
k(12)*h2*phi(89); 
k(13)*h2*phi(80) ; 
k(14)*h2*phi(80); 
k(15)*h2*phi(70); 
k(16)*h2*phi(56); 
k(17)*h2*phi(105); 
k(18)*h2*phi(103); 
k(19)*h2*phi(92); 
k(20)*h2*phi(92); 

k(21)*h2*phi(85); 
k(22)*h2*phi(65); 
k(23)*h2*phi(85); 
k(24)*h2*phi(54); 
k(25)*h2*phi(61); 
k(26)*h2*phi(86); 
k(27)*h2*phi(53); 
k(28)*h2*phi(57); 
k(29)*h2*phi(62); 
k(30)*h2*phi(116); 
k(31)*h2*phi(87); 
k(32)*h2*phi(76); 
k(33)*h2*phi(79); 
k(34)*h2*phi(72); 
k(35)* h 2*phi(78); 
k(36)*h2*phi(81); 
k(37)*h2*phi(55); 
k(38)*h2*phi(84); 
k(39)*h2*phi(58) ; 
k(40)*h2*phi(60); 
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k(41)*h2*phi(64)] ; 

R(42 : 46 , 1) = [k(42)*h2*phi(66) ; 
k( 43)*h2*phi(94) ; 
k(44)*h2*phi(69) ; 
k(45)*h2*phi(83) ; 
k(46)*h2*phi( l 16)] ; 

R(47 : 77 , 1) = [k( 47)* h 2*phi(67) ; 
k(48)*h2*phi (77) ; 
k(49)*h2*phi(26) ; 
k(50)*h2*phi(75) ; 
k(51)*h2*phi(99) ; 
k(52)*h2*phi(23) ; 
k (53)*h2*ph i( 1 09) ; 
k(54)*h2*phi(97) ; 
k(55)*h2*phi(21) ; 
k(56)*h2*phi(lOl) ; 
k(57)*h2*phi(106) ; 
k(58)*h2*phi( 1 06) ; 
k(59)*h2*phi(95) ; 
k(60)*h2*phi(32) ; 
k(61)*h2*phi(19) ; 
k(62)*h2*phi(121) ; 
k(63)*h2*phi(18) ; 
k(64)* h2*phi(27) ; 
k(65)*h2*phi(l ll ) ; 
k(66)*h2*phi(l18) ; 
k(67)*h2*phi(37) ; 
k(68)*h2*phi(25) ; 
k(69)*h2*phi (102) ; 
k(70)*h2*phi(108) ; 
k(71)*h2*phi(108) ; 
k( 72) *h2*phi(l15) ; 
k(73)*h2*phi(l 1 2) ; 
k(74)*h2*phi(l12) ; 
k(75)*h2*phi(34) ; 
k( 76) *h2*phi(38) ; 
k(77)*h2*phi(2 2 )] ; 

R(78 : 84 , 1) = [ k(78)*h2*phi(127) ; 
k(79)* h 2*ph i( 1 32) ; 
k(80)*h2*ph i (126) ; 
k(81)*h2*ph i (50) ; 
k(82)*h2*phi(52) ; 
k(83)*h2*ph i (43) ; 
k(84)*h2*phi(39)] ; 

R(85 : 94 , 1) = [k(85)*h2*phi(87) ; 
k(86)*h2*phi (107) ; 
k(87)*h2*phi(7) ; 
k(88)*h2*phi (9) ; 

• stoich.m: 
function nu = stoich(R) 

% Create empty stoichiometrie matrix 
n u = sparse(zeros( l ength (R) ,1 32) ; 

k(89)*h2*phi(ll) ; 
k(90)*h2*phi(78) ; 
k(91)*h2*phi(84) ; 
k(92)*h2*phi(51) ; 
k(93)*h2*phi (47) ; 
k(94)*h2*phi(68)] ; 

ExxonMobil 
TUDelft 

R(95 : 1 1 7 , 1) = [k(95)*h2*phi(17) ; 
k(96)* h 2*phi(35) ; 
k(97)*h2*phi(24) ; 
k(98)*h2*phi(31) ; 
k(99)*h2*phi(29) ; 
k( l OO)*h2*phi(28) ; 
k(lOl)*h2*phi(36) ; 
k (1 02)*h2*phi(33) ; 
k(103)*h2*phi(30) ; 
k(104)*h2*phi(123) ; 
k(105)*h2*phi(20) ; 
k(106)*h2*phi(40) ; 
k(107)* h2 *phi (49) ; 
k(108)*h2*phi(130) ; 
k( 1 09)*h2*phi(125) ; 
k(llO)*h2*phi(129) ; 
k(lll)*h2*phi(128) ; 
k(l12)*h2*phi(131) ; 
k( l 13)*h2*phi(124) ; 
k(l 1 4)*h2*phi(41) ; 
k(l15)*h2*phi(46) ; 
k(l16)*h2*phi(44) ; 
k(l17)*h2*phi(51)] ; 

R(l18 : 138 , 1) = [ k(l18)*h2*phi(93) ; 
k(l19)*h2*phi(96) ; 
k(120)*h2*phi(98) 
k(121)*phi(14) ; 
k(122)*phi(15) ; 
k(123 ) *h2*phi(6) ; 
k(124)*h2*phi(7) ; 
k(125)*h2*phi(8) ; 
k(126)*h2*phi(9) ; 
k(127)*h2*phi(lO) ; 
k(128)*h2*ph i (l l) ; 
k(129)*h2*ph i (41) ; 
k(130)*h2*phi (90) ; 
k(131)*h2*phi(45) ; 
k(132)* h 2*phi(48) ; 
k(133)*h2*phi(74) ; 
k(134 )*h2*phi(76) ; 
k(135)*h2*phi(l13) ; 
k( 1 36)*h 2*phi(l19) ; 
k(137)*h2*phi(104) ; 
k( 1 38)*h 2*phi(88)] ; 
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% BY D reactions c"'" .~ aromatic rings (k (1) t i ll k (41) 
n u( 1, 3) - 2 ; nu( 1,100) = - 1 ; nu(1 , 9 1 ) = 1 ; 
nu(2 , 3) - 2 ; nu(2 , 91 ) - 1 ; n u(2 , 82) 1 ; 
nu (3 , 3 ) -1 ; nu(3 , 91) - 1 ; nu(3 , 63) 1 ; 
nu (4 , 3) - 2 ; nu(4 , 82) -1; n u(4 , 71) 1 ; 
n u (5 , 3) -4; nu ( 5 , 82) -1; n u (5 , 59) 1; 
n u (6 , 3) - 3 ; nu(6 , 63) -1; nu (6 ,7 1) 1; 
n u (7 , 3) - 5 ; n u(7 , 63) - 1 ; n u (7 , 59) 1 ; 
nu (8 , 3) - 2 ; nu(8 , 71) -1 ; n u (8 ,6 ) = 1; 
nu (9 , 3) - 2 ; nu(9 , 59) -1 ; nu (9 , 6) = 1 ; 
nu (1 0 , 3) - 2 ; nu( 1 0 , 114) = - 1 ; nu(10 ,1 22) = 1 ; 
nu(1l , 3) - 2 ; n u( 11,1 22) = -1; nu (11 , 89) = 1; 
n u( 1 2 ,3) - 2 ; nu(12 , 89) - 1 ; n u (12 , 80) 1; 
nu( 1 3 , 3) - 2 ; nu(13 , 80) -1; nu( 13, 70) = 1 ; 
nu( 1 4 , 3) - 4 ; nu(14 , 80) -1; n u( 1 4 , 56) = 1; 
nu( 1 5 , 3) - 3 ; nu( 1 5 , 70) - 1 ; nu(15 , 5) = 1 ; 
nu( 1 6 , 3) - 1 ; nu( 1 6 , 56) - 1 ; nu( 1 6 , 5) = 1 ; 
nu( 1 7 , 3) - 13 ; nu(17 , 105) = - 1 ; nu (17 , 73) = 1; 
nu( 1 8 , 3) - 2 ; nu(18 , 103) = - 1 ; nu(18 , 90) = 1 ; 
nu(19 , 3) - 2 ; nu(19 , 92) - 1 ; n u(19 , 85) 1 ; 
n u(20 , 3) -1; nu(20 , 92) - 1 ; nu(20 , 65) 1 ; 
n u(21 , 3) - 2 ; nu(21 , 85) - 1 ; nu(21 ,5 4) 1 ; 
nu(22 , 3) - 3 ; nu(22 , 65) - 1 ; nu(22 , 54) 1 ; 
n u(23 , 3) - 4 ; nu(23 , 85) - 1 ; nu(23 , 61) 1; 
nu(24 , 3) - 3 ; nu(24 , 54) - 1 ; nu(24 , 8) = 1 ; 
n u (25 , 3) - 1 ; nu(25 , 6 1 ) - 1 ; nu(25 , 8) = 1 ; 
nu(26 , 3) - 1 ; nu(26 , 86) - 1 ; nu(26 , 53) 1 ; 
nu(27 , 3) - 1 ; nu(27 , 53) - 1; nu(27 , 57) 1 ; 
nu(28 , 3) - 2 ; nu(28 , 57) -1; nu(28 , 62) 1 ; 
nu(29 , 3) - 1 ; nu( 2 9 , 62) -1; nu(29 , 10) 1 ; 
nu(30 , 3) - 2 ; nu(30 , 116) = - 1 ; nu(30 , 88) = 1 ; 
nu(31 , 3) - 2 ; nu(31 , 87) - 1 ; nu(31 , 76) 1; 
nu(32 , 3) - 2 ; nu(32 , 76) -1; n u(32 , 79) = 1; 
nu(33 , 3) - 3 ; n u(33 , 79) - 1 ; nu(33 , 72) = 1; 
nu(34 , 3) - 3 ; nu(34 , 72) - 1 ; nu(34 , 7) = 1; 
nu(35 , 3) - 2 ; nu(3 5, 78) - 1 ; nu(35 , 81) = 1 ; 
nu(36 , 3) -3 ; nu(36 , 81) - 1 ; nu(36 , 55) = 1 ; 
nu(37 , 3) - 3; nu(37 , 55) - 1 ; nu(37 , 9) = 1 ; 
nu(38 , 3) - 3 ; nu(38 , 84) - 1 ; nu(38 , 58) 1 ; 
nu (39 , 3) - 3 ; nu(39 , 58) - 1 ; nu(39 , 1l) 1 ; 
nu( 40,3) - 2 ; nu(40 , 60) - 1 ; nu(40 , 64) 1 ; 
nu(41 , 3) - 1 ; nu(41 , 64) - 1 ; nu(41 , 13) 1; 

:t; Cracking of aromatics (k (42) till k (46) 
n u (42 , 3) - 1 ; n u (42 , 66) -1 ; nu(42 , 4) = 1 ; nu(42 , 60) 1; nu(42 , 57) 1 ; 
nu(43 , 3) -1; nu(43 , 94) - 1 ; nu( 43 , 69) 1 ; 
nu (44 , 3) - 1 ; nu(44 , 69) - 1 ; nu(44 , 60) = 2 ; n u(44 , 4) 1 ; 
n u(45 , 3) - 2 ; nu(45 , 83) - 1 ; n u(45 , 86) = 1 ; nu(45 , 4) 1; 
nu(46 , 3) - 1 ; nu(46 ,11 6) = - 1 ; nu(46 , 87) = 1 ; 

% EYD of S-containing components (k (47) tiE k(77) 
nu (47 , 3) - 2 ; nu (47 , 67) - 1 ; nu(47 , 17) 1; 
nu (48 , 3) -1; n u ( 4 8 , 77) - 1 ; nu(48 , 26) 1; 
n u(4 9 , 3) - 3 ; nu(49 , 26) -1; n u (49 , 35) 1; 
nu(50 , 3) - 1 ; n u(50 , 75) - 1 ; nu(50 , 24) 1 ; 
nu ( 51, 3) - 3 ; nu(5 1, 99) -1; nu(5 1, 23) 1; 
n u (52 , 3) - 3 ; nu(52 , 23 ) -1; n u (52 , 3 1 ) 1; 
n u (53 , 3) - 2 ; nu (53 ,1 09) = - 1 ; nu(53 , 97) = 1; 
n u(54 , 3) - 3 ; nu(54 , 97) = -1; nu(54 , 21) = 1; 
n u(55 , 3 ) - 3 ; nu(5 5, 2 1 ) = - 1 ; nu(55 , 29) = 1; 
nu(56 , 3) - 2 ; nu(56 ,1 0 1 ) = -1; nu (5 6, 10 6 ) = 1 ; 
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nu(57,3) -2; nu (57 , 106) = -1; nu(57 , 95) = 1; 
nu(58,3) - 3; nu (58 ,106) = -1; nu(58 , 32) = 1; 
nu(59,3) - 3 ; nu(59,95) -1; nu(59,19) 1; 
nu(60,3) - 2 ; nu(60,32) = -1; nu(60,19) = 1; 
nu(61 , 3) -3; nu(61,19) = -1; nu(61,28) = 1; 
nu(62 , 3) -1; nu(62,121) = -1; nu(62,18) = 1; 
nu(63 , 3) - 3 ; nu(63,18) = - 1 ; nu(63 , 27) = 1; 
nu(64 , 3) - 3 ; nu(64 , 27) = -1; nu(64,36) = 1; 
nu(65 , 3) - 2 ; nu(65 ,111 ) = -1; nu(65,118) = 1; 
nu(66,3) -1; nu(66 ,11 8) = - 1; nu(66,37) = 1; 
nu(67,3) -3; nu(67 , 37) = -1; nu(67,25) = 1; 
nu(68,3) -3; nu(68 , 25) = - 1 ; nu(68 , 33) = 1; 
nu(69,3) - 2 ; nu(69 ,1 02) -1; nu(69 , 108) 1 ; 
nu(70,3) - 2; nu(70 ,1 08) -1 ; nu(70,115) = 1 ; 
nu(71,3) -1; nu(71 ,1 08) -1; nu(71,112) = 1 ; 
nu(72 , 3) -1; nu(72,115) -1; nu (72 , 34) 1 ; 
nu(73 , 3) - 2 ; nu(73,112) - 1 ; nu (73,34) = 1 ; 
nu(74 , 3) - 3; nu(74,112 ) -1; nu(74,38) = 1; 
nu(75 , 3) -3; nu(75 , 34) -1; nu(75,22) 1 ; 
nu(76,3) - 2 ; nu(76 , 38) -1; nu(76,22) 1; 
nu(77 , 3) - 3 ; nu(77 , 22) -1; nu(77,30) 1; 

% HYD of N- containing components (k (78) tiLl k(84) 
nu (78 , 3) - 2 ; nu(78 ,1 27) -1 ; nu(78,129) 1; 
nu (79,3) - 2; nu(79 , 132) = -1; nu (79 , 126) 1 ; 
nu(80,3) -2; nu (80 ,1 26) = - 1; nu(80,128) 1; 
nu(81 , 3) - 2 ; nu(81 , 50) -1; nu(81,52) 1 ; 
nu(82,3) -2; nu(82 , 52) -1; nu(82,41) 1; 
nu(83 , 3) - 2 ; nu(83,43) -1; nu(83,48) 1 ; 
nu(84 , 3) - 2; nu(84 , 39) - 1 ; nu(84,44) 1 ; 

% Cracking part t vw (k (85) till (k (94) 
nu(85 , 3) - 1 ; nu(85,87) = -1; nu(85 , 86) = 2; 
nu(86 , 3) - 2; nu(86 , 107) = -1; nu (86 , 86) = 1; nu(86 , 92) = 1 ; 
nu(87 , 3) -1; nu(87,7) = - 1; nu(87 , 10) = 2; 
nu(88,3) - 1; nu(88 , 9) = - 1; nu(88,10) = 1 ; nu(88 , 13) = 1; 
nu(89,3) - 1; nu (89 , 11) -1; nu(89 , l3) 2 ; 
nu(90,3) - 1; nu(90 , 78) -1; nu (90 , 86) = 1 ; nu(90,60) = 1; 
nu(91 , 3) - 1 ; nu(91,84) - 1 ; nu(91 , 60) = 2 ; 
nu(92,3) -2; nu(92 , 51) - 1 ; nu(92 , 4) = 1; nu(92 , 46) = 1; nu(92,60) 1; 
nu(93 , 3) - 2; nu(93 , 47) -1; nu(93,14) 1 ; 
nu(94,3) - 2 ; nu(94 , 68) -1 ; nu(94,14) = 1; 

% HDS and EDN reactions (k(95) and k(117) 
nu(95 , 3) - 2 ; nu(95 , 17) - 1; nu(95 , 4) = 1 ; nu(95 ,l ) = 1; 
nu(96,3) - 3; nu(96 , 35) -1; nu(96,10) 1; nu(96,4) 1; nu(96 , l) 1 ; 
nu(97,3) - 3; nu(97 , 24) -1; nu(97 , 57) 1; nu(97,4) = 1; nu(97 , l) 1; 
nu(98 , 3) - 3 ; nu(98 , 31) - 1 ; nu (98 , l3) 3 ; nu(98,l) = 1; 
nu(99 , 3) - 3 ; nu (99 , 29) - 1 ; nu(99 , 13) 1; nu(99 , 10) = 1 ; nu(99 ,l ) = 1 ; 
nu(100 , 3) - 3 ; nu(100 , 28) - 1; nu(100,10) 2 ; nu(100 , l) = 1 ; 
nu(101 , 3) - 5 ; nu(101 , 36) -1; nu(101 , 13) = 2 ; nu(101 , 4) = 2 ; nu(101,l) 
2 ; 
nu(102,3) -5; nu(102,33) -1; nu( 102 ,10) = 1; nu(102,l3) = 1; nu(102 ,4 ) 
= 1; nu(102 , l) = 2 ; 
nu(103 , 3) - 5 ; nu(103 , 30) -1; nu(103 , 10) = 2 ; nu(103,4) = 1; nu(103 ,l) 
2 ; 
nu(104,3) - 2 ; 
nu (105 , 3) - 2; 
nu(106 , 3) - 1 ; 
nu(107,3) - 4 ; 
nu(108,3) -2; 

nu(104 , 123) = -1; nu(104,116) = 1 ; nu(104 , l) = 1; 
nu(105,20) -1; nu(105,4) = 2 ; nu(105 , l) = 1 ; 
nu(106,40) = - 1 ; nu(106 ,1 4) = 1; nu(106 , 2) = 1; 
nu(107 , 49) = -1; nu(107,4) = 1 ; nu(107 , 2) = 1 ; 
nu(108 , l30) = -1; nu(108 , 84) = 1 ; nu(108,2) = 1; 
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nu(109 , 3) - 4 ; n u (109 , 125) = - 1 ; nu(109 , 60) = 1 ; nu( 1 09 , 4) = 1; nu(109 , 2) 
= 1 ; 
nu(110 , 3) - 2 ; nu(110 ,1 29) = -1; nu (11 0 , 81) 1 ; nu(110 , 2) = 1 ; 
nu(11 1, 3) - 2 ; nu(111 , 128) = - 1 ; nu (111 , 79) 1 ; n u(11 1, 2) = 1 ; 
nu( 11 2 , 3) - 4 ; nu(112 , 131) -1; nu(112 , 4) 1 ; n u (112 , 54) 1; nu( 11 2 , 2) 
= 1; 
nu( 113 , 3) - 4 ; nu (113 , 124) - 1 ; nu(113 , 4) 1; nu(113 , 57) 1 ; nu(113 , 2) 
= 1 ; 
nu(114 , 3) - 2 ; nu( 11 4 , 41 ) -1; nu(114 ,1 4) = 1 ; nu(114 , 4) 1 ; nu(114 , 2) = 
1 ; 
nu(115 , 3 ) - 4 ; nu(115 , 46) -1; nu(115 ,1 2) = 1 ; nu(115 , 2) = 1 ; 
nu(116 , 3) - 5 ; nu (11 6 , 44) -1; nu(116 , 14) = 1 ; nu( 11 6 , 2) = 1 ; 
n u ( 11 7 , 3) - 6 ; nu(117 , 51) - 1 ; nu(117 , 60) = 1 ; nu (11 7 , 4) = 1 ; nu (117 , 2) 
1 ; 

'Ii Crack reactions S- containi ng c omponents (special cases K(llf3) til l 
~ .• k (129) 
n u ( 11 8 , 3) - 8 ; nu(118 , 93) - 1 ; nu(118 , 79) 1 ; nu( 11 8 , 1) 2 ; 
nu (119 , 3) - 8 ; nu(119 , 96) - 1 ; nu(119 , 81) 1 ; nu (119 , 1) 2 ; 
nu(120 , 3) - 8 ; nu(120 , 98) - 1 ; nu (120 , 84) 1 ; nu( 1 20 , 1) 2 ; 

% Special crack and isomerization reactions k(121) tiE k(138) 
nu( 1 21 ,1 4) = - 1 ; nu(121 , 15) = 1 ; 
nu( 1 22 , 15) = - 1 ; nu(1 22 , 16) = 1 ; 
nu(123 , 3) - 5 ; nu ( 123 , 6) -1; nu(123 , 14) 2 ; nu(123 , 4) 1 ; 
n u( 1 24 , 3) -6 ; nu(124 , 7) -1; nu(124 ,1 4) 1 ; nu (124 , 4) 1; 
nu(125 , 3) - 4 ; nu(125 , 8) -1; nu(125 , 14) 1; nu(125 , 4) 1; 
nu(126 , 3) - 5 ; nu (126 , 9) -1 ; nu(126 , 14) 1 ; nu(126 , 4) 1; 
nu(127 , 3) - 3 ; nu(127 , 10 ) - 1 ; nu(127 ,1 4) 1 ; nu(1 2 7 , 4) 1 ; 
nu(128 , 3) - 3 ; nu( 12 8 , 11) - 1 ; nu(128 , 14) 1 ; nu (12 8 , 4) = 2 ; 

- 8 ; nu(129 , 41) - 1 ; nu( 129 , 14) 1 ; 
- 2 ; nu(130 , 90) - 1 ; nu(130 , 92) 1 ; nu(130 , 4) = 1 ; 
- 13 ; nu(131 , 45) = - 1 ; nu( 1 31 , 60) = 1 ; nu(131 , 14) = 1 ; 
- 2 ; nu(132 , 48) = -1; nu(132 , 50) = 1 ; nu(132 , 4) = 1 ; 

nu(129 , 3) 
nu(130 , 3) 
nu(131 , 3) 
nu(132 , 3) 
nu(133 , 3) 
1 ; 
nu(134 , 3) 
nu(135 , 3) 
nu(136 , 3) 
nu(137 , 3) 
nu(138 , 3) 

- 4 ; nu(133 , 74) = - 1 ; nu(133 , 54) = 1 ; nu(133 , 4) 1 ; nu(133 , 1)= 

- 1 ; nu(134 , 76) = - 1 ; nu(134 , 57) = 1 ; nu(134 , 86) 1; 
- 2 ; nu(135 , 113) - 1 ; nu(135 , 92) = 1 ; nu(135 ,1 ) 1 ; 
- 4 ; nu(136 , 119) = - 1 ; nu(136 , 104) = 1 ; nu(136 , 4) = 1 ; 
- 4 ; nu(137 ,1 04) = - 1 ; nu(137 , 113) = 1 ; nu(137 , 4) = 1 ; 
- 2 ; nu(1 38 , 88) = - 1 ; nu(138 , 86) 1 ; nu( 1 38 , 57) = 1 ; 

% Create a sparse stoichiometrie matrix : 
nu = sparse(nu) ; 

• Run RX2 RX3.m: 
~. The file run RX2 RX3 . m should be run to calculate the molar .LLoh' profi le 
% in reactor RX2 and RX3 . lt loads import . mat andd uses RX2fuYl_tot . m 
% RX3fun . m. These file use dfdV all . m and stoieh . m and reae . In will be used 
% by dfdV all. In . 

clear all 
forma t compact 
f ormat short e 

global z r ho p hi_In_in phi _ m_end K Mwt wt_per_i n wt_per_ end p h i _ end 
h2_quen ch n 
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load import.mat 

h2 in = 7.85e3; 

% wt_per in is loaded 

% Mass flows leaving the reactor 
% H2S, NH3 , H2 , light gas 
mI = 1; 
mass H2S0 = RX2(ml,2)*Mwt(1,1); 
mass NH30 = RX2(ml,3)*Mwt(2,1); 
mass H20 RX2(ml,4)*Mwt(3,1); 
mass 19O = RX2(ml,5)*Mwt(4,1); 

mass_gas in = [mass_H2S0;mass_NH30;mass H20;mass 19OJ; 

% k is loaded 
param(l:n) = k(l:n); 

%. The molar f1.OI-Is at the iniet of the reactor RX2 
phiO = ([mass gas in;phi_m_in/lOO*wt_per_inJ . /Mwt) ; 

[RX2,ml,m2J = RX2fun_tot(phiO,param); 

% The molar flows at the inlet of the reactor RX3 
phiO = RX2(ml,2:m2); 

ExxonMobil 
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% Because of the semi countercurrent mode of operation H2S, NH3 and light 
% gas are not present . Fresh H2 i s added, 5 . 6 [ton/hl 
phiO(1,1:4) [0;0;h2 in/0.002;0]'; \~ [mol/hl, 5.6 [ton/hJ H2 

[RX3, m3, m4 J RX3fun(phiO,param); 

mass_H2S = RX3(m3,2)*Mwt(1,1); 
mass_NH3 = RX3(m3,3)*Mwt(2,1); 
mass H2 RX3(m3,4)*Mwt(3,1); 
mass 19 RX3(m3,5)*Mwt(4,1); 

error [(mass_H2S-mass_H2S0)/mass_H2S; (mass_NH3-
mass_NH30)/mass_NH3; (mass H2-mass H20)/mass_H2; (mass 19-mass 19O)/mass 19]; 

mass H2S0 = mass H2S; - -
mass NH30 = mass NH3; 

- -
mass H20 mass_H2; 
mass 19O = mass 19; 

while error(l,l) > le-6 11 error(2,1) > le-6 11 error(3,1) > le-6 11 

error(4,1) > le-6 
% Change the mass flows of H2S , NH3 , H2 and light gas 
mass_gas_in = [mass_H2S0;mass_NH30;mass_H20;mass 19O]; 
% 'Ihe molar flows at the inle t of the reactor RX2 
phiO = [mass_gas in;phi_m_in/lOO*wt_per_inJ ./Mwt; 

[RX2,ml,m2J = RX2fun_tot(phiO,param); 

% The molar flows at the inlet of the reactor RX3 
phiO = RX2(ml,2:m2)'; 
%Fresh H2 is added , 5 . 6 [ton/hJ 
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phiO(I : 4,1) [0 ; 0 ; h2 in/0.002 ; 0] ; % [mol/hl 

[RX3 , m3 , m4] RX3fun(phiO , param); 

for i = l:m3 
S factor = Mwt(5:m4 - 1 ,1 ) . *Scontent ; 
S_mass = RX3(i , 6 :m4)*S_factor; 
HC_mass = RX3(i , 6:m4)*Mwt(5:m4 - 1 , 1) ; 
if S mass/HC mass <= 2 . 25e-4 - -

mass_H2S = RX3(m3 , 2)*Mwt(I ,I ) ; 
mass_NH3 = RX3(m3 , 3)*Mwt(2 ,1 ) ; 
mass H2 RX3(m3 ,4 )*Mwt(3 , 1); 
mass 19 RX3(m3 , 5)*Mwt(4,1) ; 

TUDelft 

error [(mass H2S-mass_H2S0)/mass_H2S; (mass_NH3-
mass_NH30)/mass_NH3 ; (mass_H2 - mass H20)/mass H2 ; (mass 19- mass 19O)/mass 19]; 

end 
end 

mass H2S0 = mass H2S; - -
mass_NH30 = mass_NH3; 
mass H20 mass H2; 
mass 19O 

row i; 
brea k 

mass 1 9 ; 

elseif (i m3) && (S_mass/HC_mass > 2 . 25e-4) 

end 

disp(' Catalyst bed volume is too s mal i ') 
disp(' At the end o f the catalyst bed with a volume of :') 
disp (RX3 (m3 , I) 
disp(' the total massstream of sulphur is : ') 
disp (S_mass) 
disp( ' That is in ppm vit S;') 
disp(S_mass/HC_mass) 
r e turn 

% Saving t hs results in a txt file 
file = fopen(' results2.txt ' , ' \;J ') ; 

for i = l:ml 
fprintf(file , ' %15 . 7f\n ' , RX2(i ,: ) ; 

e nd 
fclose(file) ; 
file = fopen ( • results3 . txt ', ' ,~ ') ; 

for i = l : m3 
fprintf(file, ' ~i;l5 . 7f\n ' , RX3(i ,: ) ; 

end 
fclose(file) ; 

~~ Volume of EX2 : 
V_RX2 = RX2(ml,I); 

't Volume of RX3 needed for 225 ppm S 
V_RX3 = RX3(row,I); 

% Sulphur c ontent af ter RX2 : 
S factor RX2 = Mwt(5 : (m2 -1 ) ,I) . *Scontent ; 
S_mass_RX2 = RX2(ml , 6 : m2)*S_factor_RX2 ; 
S_wt_per_RX2 S_mass_RX2*100/(RX2(ml , 6 : m2)*Mwt(5 :m2-1 ,1 ) ; 
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% Sulphur content af ter RX3 : 
S factor = Mwt(5: (m4-1),1) .*Scontenti 
S mass = RX3(row,6:m4)*S_factori 
S_wt_per S_mass*100/(RX3(row,6:m4)*Mwt(5:m4-1,1)i 

% Nitrogen content aft er RX2 : 
N factor RX2 = Mwt(5: (m2-1),1) .*Ncontenti 
N_mass_RX2 = RX2(m1,6:m2)*N_factor_RX2i 
N_wt_per_RX2 = N_mass RX2*100/(RX2(m1,6:m2)*Mwt(5:m2-1,1)i 

% Nitrogen content af ter RX3 : 
N factor = Mwt(5: (m4-1),1) .*Ncontenti 
N mass = RX3(row,6:m4)*N_factori 
N_wt_per = N_mass*100/(RX3(row,6:m4)*Mwt(5:m4-1,1)i 

% 22 RX2 out : 
h2 rec = RX2(m1,4)*Mwt(3,1)i 

% Display the results on screen : 
disp(' The volumes of RX2 and RX3 in mA 3 catalyst bed are : ') 
disp (V _ RX2) 
disp(V_RX3) 

disp ( 'The sulphur content s aft er RX2 and RX3 in wt % are : I ) 

disp(S_wt_per_RX2) 
disp(S_wt_per) 

disp(' The nitrogen contents af ter RX2 and RX3 in wt% are: ') 
disp(N_wt_per_RX2) 
disp(N_wt_per) 

disp(' The hydrogen entering RX3 is: ') 
disp(h2 in) 

disp(' The hydrogen leaving RX2 is: ') 
disp(h2 rec) 

disp ( I 'I'he hydrogen quench of RX2 and RX3 ln total is : ') 
if V RX3 < 16 

disp(h2_quench*4*Mwt(3,1) 
quench = Oi 

elseif V RX3 >= 16 && V RX3 < 64 
disp(h2_quench*4*Mwt(3,1)+1.25e3) 
quench = 1. 25e3 i 

elseif V RX3 >= 64 && V RX3 < 128 
disp(h2_quench*4*Mwt(3,1)+2.25e3) 
quench = 2.25e3i 

elseif V RX3 >= 128 
disp(h2_quench*4*Mwt(3,1)+3e3) 
quench = 3e3i 

end 

% 22 consumption 

ExxonMobil 
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H2 cons = h2 in + quench + 4*h2_quench*Mwt(3,1) - RX2(ml,4)*Mwt(3,1)i 

disp ( ' The hydrogen consumption of RX2 and RX3 in total is:') 
disp(H2 cons) 
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% Produce figure of H2 profi l e 
f i gure(l) 
s ubplot(2 , 1 , 1) , plot(RX2( :,1 ) , RX2( :, 4) 
title('Molar flow profile in RX2') 
xlabel(' Volume of catalyst bed /[mA3) ') 
ylabe l ('Molar flows of H2 /[mol/h) ') 

subpl ot(2 , 1 , 2) , plot(RX3(1 : row , 1) , RX3( 1: row , 4) 
x l abe l ( ' Volume of catalyst bed /[m A 3) ') 
ylabe l ('Molar flows of H2 /[mol/h) ' ) 

% Save results in a workspace 
savefi l e = ' results . mat' ; 
save (savefi le , '-mat ') ; 

• RX2fun tot.m: 
function [RX2 , ml , m2) = RX2fun_tot(phiO , param) 

ExxanMabil 
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global z rho phi_ m_ in phi_ m_ end K Mwt wt_per_in wt_ per_end phi end 
h2 quench n 

% Options for the integration 
options = odeset ( ' l\bsTol ' , le - 6 , ' RelTol " le - 4) ; 

% Boundary cenditions 
VO 0 ; 
VI 12 . 5 ; 
V2 12 . 5 + 32 ; 
V3 12 . 5 + 2 * 32 ; 
Vf 12.5 + 3 * 32 ; 

% First integration 

and. dorn.a i n 
% [m A3] initial volume 
% [m A]] volume of first catalyst bed 
~~ [rn l' 3J volurne of second catalyst bed 
% [m"3] volume o f third catalyst bed 
% [mA 3} volume of fourth catalyst bed 

Vspan = rVO VI ) ; % integratie n domain 
phiO(3 , 1) = phiO(3 ,1 ) + h2_quen ch ; 
[V, phi ) = odel13(' dfdV all ' , Vspan , phiO , options, param) ; 
bedl = [V , phi) ; 

% Second integration 
Vspan = [VI V2) ; % integration domain 
phi(length(V) , 3) = phi(length(V) , 3) + h2_quench ; 
phiO = phi(length(V) , : ) ; 
[V , phi) = ode l 13(' dfdV_ all ' , Vspan , phiO , options , param) ; 
bed2 = [V , phi) ; 

% Third integration 
Vspan = [V2 V3) ; % integration domain 
phi( lengt h(V) , 3) = phi(length(V) , 3) + h2 quench ; 
phiO = phi (length(V) , : ) ; 
[V , phi) = ode113( ' cifdV_all ', Vspan , phiO , options , param) ; 
bed3 = [V , phi) ; 

% Fourth integration 
Vspan = [V3 Vf) ; % integration ciomain 
phi(length(V) , 3) = phi( l engt h(V) , 3) + h2_quench ; 
p h iO = phi(lengt h (V) , : ) ; 
[V ,phi) = ode l1 3(' dfdV_all ' , Vs pan, phiO , opt i o ns, p aram) ; 
bed4 = [V,phi) ; 

% Save results in one matrix 
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RX2 = [bedl;bed2 ;bed3;bed4]; 

% Size of the matrix 
[ml,m2] = size(RX2); 

• RX3fun.m: 
function [RX3,m3,m4] = RX3fun(phiO , param) 

ExxonMobi/ 
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global z rho phi_m_in phi_m_end K Mwt wt_per in wt_per end phi_end 
h2 quenc h n 

% Options for the integration 
options = odeset(' AbsTol ', le- 5 , ' RelTol ' , le-5); 

h2_quench2 
h2_quench3 
h2_ quench4 

1250/0.002; 
1000/0.002 ; 
75 0/ 0 . 002 ; 

% [mol/hl , total quench is about 3 [ton/hl 

% The reactor volume 
VOO ; 
VI 16 ; 
V2 64; 
V3 128; 
V4 192; 

% First integration 
Vspan = rVO VI] ; % integration domain 
[V,phi] = ode45 (' dfdV all ' , Vspan, phiO , opti o ns , param) ; 
bed 1 = [V,phi]; 

% Second integration 
Vspan = [VI V2] ; % integration domain 
phi(length (V) ,3) = phi (length(V),3) + h 2_quenc h 2 ; 
phiO = phi(length(V) , : ); 
[V , phi] = ode45(' dfdV aLL ' , Vspan, phiO, options , param) ; 
bed2 = [V , phi] ; 

% Third integration 
Vspan = [V2 V3] ; % integration domain 
phi(length(V) , 3) = phi(length(V) , 3) + h2 quench3 ; 
phiO = phi(length(V) , : ) ; 
[V , phi] = ode45(' dfdV_all ', Vspan , phiO, options , param) ; 
bed3 = [V, phi ] ; 

% Fourth integration 
Vspan = [V3 V4]; % integration domain 
phi(length(V),3) = phi(length(V),3) + h2 quench4; 
phiO = phi(length(V) , : ); 
[V , phi] = ode45(' dfdV_ all ' , Vspan , phiO , options, param) ; 
bed4 = [V , phi] ; 

% Save results in one matrix 
RX3 = [bedl ; bed2 ; bed3 ; bed4] ; 

% Size of t h e matrix 
[m3,m4] = size(RX3) ; 
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15.7.6 Results for kinetic parameters in Matlab® 
Table 15.20 Kinetic parameters and mass tlows leaving (R02) and (R03) 

R02 R03 R02 R03 
k Component 10 ton/hl ton/hl k Component 10 ton/hl W ton/hl 

2.00E-01 H2S 7.71E+00 1.23E+00 3.80E+00 2i1 9.88E-02 2.62E-04 
7.30E-02 NH3 8.01 E-01 1.88E-01 4.34E-01 2i2 1.36E-10 1.36E-10 
7.30E-02 H2 4.32E+00 5.60E+00 2.30E-01 2i3 9.77E-02 2.54E-04 
5.00E-02 light gas 1.94E+01 7.85E+00 4.75E-01 3i1 7.63E-02 1.30E-04 
5.00E-02 2f1 5.42E+00 9.04E+00 1.00E-02 3i2 7.76E-02 2.02E-04 
3.50E-01 3f1 2.53E+00 1.10E+00 2.05E-01 4i1 5.07E-02 1.23E-04 
3.50E-01 3f2 1.17E-02 2.19E-08 5.20E-01 4i2 5.09E-02 1.85E-04 
2.18E-01 4f1 4.23E+00 3.69E-01 2.70E-01 4i3 5.01E-02 1.31 E-04 
5.50E-02 4f2 3.48E+00 7.56E+00 5.10E+00 5i1 4.56E-02 7.97E-05 
1.55E-01 5f1 7.35E+00 6.62E-01 8.00E-02 5i2 4.56E-02 1.19E-04 
2.40E-01 5f2 1.22E+00 2.00E+00 4.31E-01 6i1 1.23E-01 2.75E-04 
1.18E-01 6f1 2.34E+00 2.41E+00 4.95E+00 7i1 1.36E-01 3.58E-04 
5.00E-02 6f2 2.06E+01 2.57E+01 1.57E-01 1a1 1.21 E+OO 4.42E-01 
5.00E-02 7f1 1.24E+01 3.44E+00 2.80E+00 1a2 1.15E+00 6.89E-02 
4.75E-01 7f2 1.13E+01 3.02E+01 3.00E+00 1a3 1.21E+00 3.21 E-02 
8.10E-02 7f3 2.41E+00 2.14E+01 2.01 E-01 1a4 1.20E+00 5.10E-01 
7.70E-02 191 1.59E-02 2.03E-09 2.04E-01 2a1 3.65E+00 7.96E-01 
7.80E-02 192 1.69E-02 1.22E-03 2.04E-01 2a2 2.49E+00 2.73E+00 
2.70E-01 193 1.69E-02 3.66E-05 7.20E-01 2a3 3.65E+00 9.91 E-01 
2.70E-01 2g1 2.20E-02 5.04E-07 4.51E+00 3a1 3.00E+00 7.36E-03 
9.00E-03 2g2 2.27E-02 1.88E-04 8.27E+00 3a2 2.04E+00 3.32E-01 
8.00E-01 2g3 2.28E-02 6.02E-05 8.60E-02 4a1 1.35E-01 2.96E-02 
9.00E-03 3g1 1.64E-02 3.16E-08 2.53E+00 4a2 1.28E-01 2.53E-03 
3.95E-01 3g2 1.72E-02 1.49E-03 2.68E+00 5a1 1.91E-01 4.72E-04 
8.60E-02 3g3 1.69E-02 1.35E-04 1.57E-01 5a2 1.89E-01 1.10E-02 
7.40E-02 4g1 1.66E-02 4.37E-06 5.95E-01 5a3 1.83E-01 3.22E-07 
9.10E-02 4g2 1.69E-02 1.22E-03 7.56E+00 6a1 1.15E-01 1.47E-08 
1.08E-01 4g3 1.69E-02 3.66E-05 5.36E+00 6a2 2.41 E-01 7.59E-07 
3.04E+00 5g1 1.77E-02 1.47E-04 2.01 E-01 6a3 2.40E-01 8.92E-05 
2.05E-01 5g2 1.78E-02 4.71E-05 2.06E-01 6a4 2.43E-01 4.95E-02 
1.20E-03 6g1 1.24E-02 2.39E-08 2.06E-01 7a1 9.61E-01 4.70E-02 
4.15E-02 6g2 1.28E-02 2.78E-05 3.19E-01 7a2 5.95E-01 2.23E+00 
5.00E-02 6g3 1.26E-02 1.01 E-04 1.54E-01 7a3 6.02E-01 1.06E+00 

0 6g4 1.28E-02 3.35E-05 1.54E-01 1 b1 9.47E-03 5.53E-11 
2.70E-01 7g1 1.12E-02 2.95E-06 1.47E+01 2b1 4.57E-01 3.97E-02 
1.70E-01 7g2 1.13E-02 8.20E-04 5.76E+00 2b2 4.52E-01 4.93E-02 
3.10E-01 7g3 1.13E-02 9.09E-05 1.15E+01 3b1 2.93E-01 7.71E-05 
3.10E-02 7g4 1.15E-02 3.05E-05 2.10E-01 3b2 2.93E-01 7.68E-05 
1.00E-02 1i1 6.21E-02 1.02E-04 2.05E-01 4b1 1.38E+00 5.67E-01 
2.20E-01 1i2 6.21E-02 1.02E-04 4.10E-01 4b2 9.61E-01 4.01 E-01 

6.83E-01 5b1 2.01E+00 2.82E-02 
4.28E-01 5b2 5.73E-01 9.98E-02 
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R02 R03 R02 IR03 
k Component 10 ton/hl ton/hl k Component 10 tonlhl ton/hl 

1.95E-01 6b1 3.17E-01 2.34E-01 2.05E-01 2e1 1.11E-01 1.35E-04 
2.10E-01 6b2 1.51E+00 6.67E-01 0 2e2 1.11E-01 2.06E-04 
1.20E-03 6b3 1.54E+00 1.68E+00 2.02E-01 3e1 4.16E-01 6.83E-04 
2.01 E-01 7b1 8.12E-01 3.14E-01 0 4e1 6.29E-02 1.15E-04 
4.32E-01 7b2 8.18E-01 1.01E+00 4.05E-01 5e1 1.67E-01 2.76E-04 
1.00E-03 1 c1 8.88E-01 1.09E-01 7.70E-02 6e1 1.89E-01 2.51E-04 
1.50E-03 2c1 1.30E+00 1.08E-01 1.95E-01 7e1 1.06E-01 2.03E-04 
1.00E-04 3c1 8.48E-01 1.87E-01 5.80E-01 7e2 1.06E-01 2.03E-04 
1.00E-04 3c2 8.32E-01 1.92E-02 6.21E-01 Total 1.58E+02 1.37E+02 
1.00E-01 4c1 4.40E-01 2.95E-02 
1.84E-01 4c2 4.42E-01 1.64E-02 
4.15E-01 5c1 1.05E-01 9.38E-05 

4.15E-02 Component 10 based on the provided 
3.00E-01 component distribution: 
2.25E-01 Irst number is column number 

4.46E+00 5c2 1.06E-01 2.29E-04 
8.16E+00 5c3 1.05E-01 9.38E-05 
2.23E+00 6c1 2.25E-02 1.87E-04 

1.70E-01 letter gives the row 

8.90E-02 second number aives comoonent 

7.20E+00 6c2 2.13E-02 2.59E-10 
4.10E+00 7c1 1.66E-01 3.21E-07 
8.65E+00 1d1 2.72E-01 6.06E-04 
4.17E+00 1d2 2.70E-01 5.84E-04 
7.47E+00 1d3 2.70E-01 5.84E-04 
1.51 E+01 2d1 4.71E-01 4.36E-02 
8.60E-02 2d2 4.76E-01 4.85E-03 
3.50E-01 2d3 4.75E-01 4.52E-02 
2.10E-01 3d1 2.65E-01 5.75E-04 
2.08E-01 3d2 2.62E-01 5.67E-04 
2.17E-01 3d3 2.61 E-01 5.63E-04 
2.20E-01 4d1 3.73E-01 3.09E-03 
7.40E-01 4d2 1.13E+OO 1.13E+00 
9.50E-01 4d3 3.73E-01 3.09E-03 
2.05E-01 4d4 3.72E-01 9.82E-04 
2.15E-01 5d1 3.79E-01 4.75E-03 
3.88E-01 5d2 3.75E-01 3.30E-03 
3.05E-01 5d3 3.78E-01 9.89E-04 
3.80E-01 6d1 1.40E-01 8.16E-03 
1.00E-01 6d2 6.90E-01 6.90E-01 
1.08E-01 6d3 1.40E-01 1.12E-03 
2.30E-01 6d4 1.42E-01 1.47E-04 
5.97E-01 7d1 8.70E-01 8.70E-01 
4.25E+05 7d2 4.75E-01 3.44E-02 
7.25E+04 7d3 4.73E-01 5.96E-03 
1.08E-01 7d4 4.75E-01 3.44E-02 

0 1e1 3.30E-02 4.65E-05 
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