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Abstract
Replacing conventional kerosene has gained interest in an effort to make aviation more sustainable.
In 2018 a total of 895 million tonnes of 𝐶𝑂 was emitted, equivalent to 2% of global 𝐶𝑂 emissions.
For normal passenger and cargo planes synthetic kerosene is most feasible to replace conventional
kerosene, hydrogen powered or electricity driven airplanes face problems and may only be feasible
for small airplanes. Increased interest in electrolysis, direct air capture (DAC) and production path-
ways for synthetic kerosene has encouraged development and reduced the price gap with conven-
tional kerosene. Although small pilot plants are realized last decade, little research has been done on
large-scale studies. And most research is focused on one method, while an integrated system can be
promising either. This thesis focused on both topics, taking Rotterdam-The Hague Airport as refer-
ence airport. Syngas will be obtained from biomass gasification and water electrolysis with a proton
exchange membrane (PEM) electrolyzer. 𝐶𝑂 to form 𝐶𝑂 is retrieved from a DAC plant. The syngas
is converted into fuel by Fischer-Tropsch (FT) technology.

Several gasification technologies were studied and the direct heated steam/oxygen fluidized bed
gasifier was found to be the best option. This gasifier was built and validated according to the Insti-
tute of Gas Technology (IGT) gasifier located in Hawaii. In order to accurately estimate the behavior
of the process, a steady state model is developed using Aspen Plus. Two scenarios are defined and
represent the intermittent behavior of renewable electricity. The first scenario simulates high renew-
able electricity production, while the second scenario is driven by low supply of electricity. Biomass
gasification is integrated to remain a constant syngas flow for the FT reactor and subsequent kerosene
production.

To reach the intended annual kerosene production of 50.000 ton, it was found that a gasifier with
a maximum capacity of 100 ton/h is required. Thermal efficiencies of 35% and 33% are achieved for
scenario 1 and 2 respectively, taking gasoline, diesel and waxes into account as useful side-products.
Total land-area required to fulfill electricity demand equals 0.9𝑘𝑚 of solar panels together with a wind
farm covering 3.6𝑘𝑚 assuming turbines of 10𝑀𝑊.

A cost analysis has been conducted to investigate the economical feasibility of the project. The
average fuel price obtained in this project reached 1.74-2.87€/kg, exceeding conventional fuel prices.
But estimated price reductions and technical improvements for wind/solar power, PEM electrolysis and
DAC decrease the fuel price to 1.49-2.78€/kg by 2050. In addition, carbon taxes are expected to
increase hence reducing the gap between conventional and synthetic kerosene even more.

Future research and development must focus on extending and improving the model to acquire
more precise results. Furthermore, improvements have to be made for electrolysis and DAC plants
before they are economically competitive and suitable for large scale.

In conclusion, the models in this thesis have shown promising results in terms of future feasibility
of large scale synthetic kerosene production in an integrated system. It has proved that when future
developments are realised and DAC and PEM electrolysis have become more mature, the price gap
between conventional and synthetic kerosene can be overcome and large scale projects become fea-
sible.
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Introduction

Aviation contributes to 2% of the total carbon dioxide emissions worldwide, which was equivalent to 895
million tonnes of 𝐶𝑂 in 2018 [61] [84]. Boeing estimates that the aviation sector will grow with an an-
nual rate of 4.2% and 4.7% for number of passengers respectively cargo-air traffic. The aviation sector
will be doubled in 2040 compared to 2018. To note, these numbers were published before the Covid-19
pandemic and might change future aviation growth. Inactive fleets across the world, delays in produc-
tion activities for sustainable aviation fuel (SAF) in multiple industries and less efficient airplanes that do
not return to service are some examples of how Covid-19 impacted the aviation. But it is inevitable that
the carbon footprint of aviation will increase if the sector does not invest in sustainability. Alternative
fuels will play a primary role in the coming years motivated by numerous climate agreements, such
as the Carbon Offsetting and Reduction Scheme for International Aviation (CORSIA) and the Paris
Climate Agreement (2015). CORSIA is an initiative from the UN’s International Civil Aviation Organi-
zation (ICAO) where they agreed on to reduce 𝐶𝑂 emissions from international aviation. According to
a study done by MarketDigits [8], the SAF market is expected to grow from 66 million USD in 2020 to
15.307 million USD by 2030. The biggest progress can be made at large (>100) passenger airplanes.
They contribute to 90% of the total emitted 𝐶𝑂 emissions from the commercial aviation sector [30] [84].

Rotterdam-The Hague Airport is the third biggest airport of The Netherlands and received 2.1 million
passengers in 2019. They launched the ’Rotterdam The Hague Innovation Airport’ (RHIA) in 2019
along with the municipality of Rotterdam [9]. Which covers several initiatives to become more environ-
mentally friendly by innovating economical and technical aspects of the airport. One of these initiatives
is replacing the conventional kerosene by synthetic kerosene. Other initiatives are more silent airplanes
and better mobility of the airport. This research will discuss the feasibility of synthetic kerosene, eco-
nomically and practically.

Several methods have passed by the last years to reach a more sustainable aviation fuel. SAF can
reduce the carbon dioxide emissions by up to 80% compared to fossil fuel over the lifecycle [8]. It
will depend on the feedstock used, supply chain to the airport and the production method. Flying on
electricity, hydrogen, synthetic kerosene and bio-fuel are suggested alternatives.

At first, electricity for transportation is gaining more interest. The share and availability of electric
cars has increased the last years. Rapid improvements in price and performance have made it possible
to replace the conventional cars that run on diesel or gasoline. Using electricity, and thus batteries, for
aviation transport is more difficult. It might be an option for small airplanes, but the batteries are too
heavy for normal passenger airplanes and cargo. Compared to kerosene, a battery does not lose
weight during the flight while a kerosene tank gets lighter. Besides the weight of the battery, it must
also function at high altitudes and therefore at low temperatures. At last, the energy density of kerosene
is much higher than the best batteries available now.

1
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Secondly, hydrogen is also a new type of fuel which might have potential in future transport. At sev-
eral places in the world hydrogen is already in use for trains, busses, cars and even boats. The energy
mass density of hydrogen is 2.5 times bigger than kerosene, but hydrogen storage tanks are too heavy
for airplanes and for this reason not an achievable option at the moment. If hydrogen will be used, the
design of the aircraft needs to be modified (Figure 1.1) which takes years and a new infrastructure for
the airports is needed to transport the hydrogen [16].

Figure 1.1: Fuel tank locations a) traditional b) medium range hydrogen-powered airplanes c)
long range hydrogen-powered airplanes [16]

Thirdly, kerosene can also be produced by the use of water electrolysis and carbon monoxide (𝐶𝑂).
Synthesis gas is a mixture of hydrogen (𝐻 ), the product of water electrolysis, and carbon mono-oxide
(𝐶𝑂). It can be produced via fossil fuels or in a more sustainable way. Sasol, a company in South
Africa, produces synfuel from coal. Syntroleum from the United States and Shell in Malaysia use gas
to produce synfuel [75].

But the more sustainable method is by capturing carbon dioxide from the air or straight out of the
industry, point source carbon capture [45]. If the electricity for the electrolysis process is generated by
renewable sources, solar and/or wind, then this method can be more sustainable than bio-fuel.

One significant advantage of this synthetic kerosene over hydrogen or electricity driven airplanes
is that it can function as a so called drop-in fuel. This means that the vehicle, in this case airplane,
does not require technical modifications to make use of the new fuel. Another advantage of synthetic
kerosene in airplanes is that it does not emit sulphur and aromatics [70].

At last, bio-fuel can be an alternative to replace the conventional way of kerosene production. Some
examples of biomass for bio-fuels are algea, wood, crops, cooking oil and animal fats. But not all types
of bio-fuel are certified to be blended with 50% conventional kerosene, currently the maximum fraction
of alternative kerosene allowed in an airplane is 50% [89]. Two types are certified, 1) the Fischer-
Tropsch hydroprocessed synthesized paraffinic kerosene (SPK) and 2) the SPK from hydroprocessed
esters and fatty acids (FA) [14]. All around the world there have been flights on bio-fuels the last decade.
Air New Zealand used jatropha plants in 2009 and Virgin Atlantic used fatty acid methyl ester (FAME)
in 2008. While KLM Royal Dutch Airlines performed the very first commercial biofuel flight in 2011 with
synthetic paraffinic kerosene (SPK) [30]. Japan Airline performed a test flight in 2009 with camelina oil
derived biodiesel and in Germany, at Leipzig/Halle airport, research was done on four multiblends that
can be used for aviation (2020) [82]. No performance problems were recorded during aforementioned
flights [97].

The sustainability of biomass strongly depends on the source. Growing biomass can have a po-
tential effect on land-use change, food security and deforestation. If these parameters are taken into
account, multiple forms of biomass are less sustainable than expected [105]. So for this reason it is
preferred to use waste biomass to produce kerosene. But there are three reasons why using solely
biomass to produce synthetic kerosene is not a good option. First, 1.000 times more water is required
to produce kerosene from biomass grown in The Netherlands than from synthetic kerosene. Which
can cause scarcity of fresh water in regions where limited water is available [121].
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Secondly, kerosene production from biomass requires 1.000 times more land area compared to
synthetic kerosene production. This means that the growth of biomass feedstock for fuels needs to
compete with growing food and other industries. Third, bio-fuel is not necessarily carbon neutral. Gasi-
fication, creating farmlands and biomass drying all require additional process steps that emit 𝐶𝑂 which
will later on not be used in the kerosene. But kerosene from biomass can be helpful to absorb fluctua-
tions of renewable energy at the production of synthetic kerosene [121]. How biomass can be converted
into kerosene will be discussed in Chapter 2.3.

The type of kerosene mainly used for large airplanes is known as Jet A-1. Jet A-1 differs from Jet
A fuel in a lower freezing point, which favors for long international flights. Jet B has a higher volatility
and is used only in Arctic regions. Similar as other types of kerosene, Jet A-1 has strict regulations
regarding the fuel specification. Most important specifications can be found in Table 1.1, based on DEF
STAN 91-91, ASTM D1655 and ASTM D7655 for SAF. The aromatic content is restricted to avoid leaks
in the engine and seals in the aircraft. Some production pathways for synthetic fuels do not meet the
fuel specifications, such as aromatic content, but this may be resolved by blending with conventional
fuels [72]. In case of synthetic fuels, a blending limit of 50% is allowed for nowadays aviation fuels.
The remaining part should be conventional kerosene [30]. Otherwise approval is required before it can
be applied as fuel for aviation.

Table 1.1: Jet fuel A-1 specifications with 50% synthetically produced kerosene [64]

Freezing point [∘𝐶],𝑚𝑎𝑥 -47
Density at 15∘𝐶[𝑘𝑔/𝑚 ] 775-840
Flash point [∘𝐶],𝑚𝑖𝑛 38
Viscosity at -20∘𝐶[𝑐𝑚 /𝑠],𝑚𝑎𝑥 0.08
Net heat of combustion [MJ/kg], min 42.8
Aromatic content [vol%] 8-25
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1.1. Research objective
The growing aviation sector and the urgency to reach a more sustainable world shows that big improve-
ments have to be made in the nearby future to meet the climate agreements. Replacing the fossil fuel
based kerosene by a more sustainable variant will be a big step towards a more sustainable aviation
sector. The research goal is to develop a model that continuously produces synthetic kerosene for
Rotterdam-The Hague Airport. Several pilot plants are built to do experimental research on this topic in
addition to the theoretical and computational research. A small pilot plant will also be built in Rotterdam,
but not in the scale of the airport kerosene demand.

This study will investigate the production of synthetic kerosene that should deliver enough for
Rotterdam-The Hague Airport in a completely sustainable way. The Netherlands consumed 3867
million kg kerosene in 2019 subdivided into all airports, but mainly Schiphol. Based on the amount
of passengers, Rotterdam-The Hague Airport contributes to approximately 2.5% of this consumption
which is around 100.000 ton kerosene per year. Since only 50% synthetically produced kerosene is
allowed in a kerosene blend, the target will be to produce 50.000 ton kerosene annually. Required
electricity will be supplied by solar and wind energy. Intermittent electricity supply and consequently
syngas production will be compensated by biomass gasification. The biomass that is widely available
and will be used in this model are wood pellets. Wood pellet market is a developing market in the world
energy sector whereby the Port of Rotterdam acts as an important transit location.

Two methods to obtain syngas, (1) water electrolysis with DAC and (2) biomass gasification, are in-
vestigated in this study. Multiple studies are done on synthetic kerosene production by these methods
separately from each other. But a combined process has not been investigated so far, especially not
on this scale. This research will develop an integrated system of the two methods, which will make it
complex and different from other studies.

This research will focus on the described problem statement, leading to the following research
question where this study attempts to find an answer for.

• Is it feasible for Rotterdam-The Hague Airport to produce synthetic kerosene by water electrolysis
with DAC and biomass gasification given the intermittent supply of electricity?

To answer the research question, several sub-questions need to be answered during the study. These
are listed below:

• What are the bottlenecks in the system, based on an economical and technical feasibility study?

• What are the total costs of the production plant?

• How much electricity and consequently land-area is required for electricity production? And how
will this be subdivided between solar and wind?

• How much 𝐶𝑂 -capture is required?

• How many useful side-products are produced in the system?

• Is there enough oxygen, derived from the water electrolyzer, available for biomass gasification?

– What capacity for the oxygen storage is required?
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1.1.1. Scenario description
Intermittent renewable electricity supply affects the hydrogen production from the PEM electrolyzer.
Two scenarios will be investigated and represent maximum and minimum electricity supply to the sys-
tem. Each scenario requires quantitatively different feedstreams. It is assumed that renewable elec-
tricity is solely produced by solar and wind energy, evenly distributed. Due to lack of information about
preferences by the airport or possible locations for solar or wind farms in the Rotterdam area, it is
impossible to determine a more specific distribution. Varying capacity factors throughout the year will
result in the two following scenarios:

• Scenario 1: high renewable electricity production
This is the most preferred situation. Abundant renewable electricity is generated and the PEM
electrolyzer works at 100%. The capacity factors for both solar and wind are optimal (Table
1.2). Most syngas required for the production of kerosene will come from the DAC and PEM
electrolyzer. The biomass gasifier will operate at only 40% of the nominal feed.

• Scenario 2: low renewable electricity production
A minimum amount of renewable electricity will be available. From Table 2.3 it can be observed
that the minimum solar production is during winter with a capacity factor of about 3%. While
wind production in winter is normally at maximum but can decrease to only 20%, if we assume
the 25-75% interval. The 10-90% interval is not considered since this will more be relevant for
dynamic analyses because these low capacity factors will rarely occur over time periods of a
month or longer. Only a small fraction (≈30%) of the syngas will be produced by the DAC and
PEM electrolyzer. The residual syngas is produced via biomass gasification.

Table 1.2: Capacity factors of PV and wind power for the scenarios

capacity factor Scenario 1 Scenario 2
Wind 50% 25%
Solar 20% 3%

1.2. Thesis outline
The report is divided into clear consecutive chapters. Chapter 2 comprises of relevant literature for this
research study. Different types of gasifiers, electrolysers, DAC plants and production pathways are
reviewed.

Chapter 3 outlines the Aspen Plus model developed to simulate the kerosene production process.
Every component within the model is briefly discussed according to the literature review. The gasifier
and gas cleaning steps are validated to justify the validity of the model.

In Chapter 4 the model results from Aspen Plus are examined, elaborated and finally concluded
for both scenarios. These results are used for the cost analysis in Chapter 5. CAPEX and OPEX are
determined to finally calculate the average fuel price. A sensitivity analysis is performed to examine
the effect of the most important cost items on the average fuel price.

Finally, Chapter 6 concludes the study by answering the research question and corresponding sub-
questions. In addition, a few recommendations for further research are given.
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Literature review

This chapter will review literature based on previous research. In Section 2.1 the different building
blocks to produce synthesis gas are discussed. There are different pathways to finally produce fuels,
which is explained in Section 2.2. Biomass gasification forms an important part in this study and is
discussed in Section 2.3, followed by the distillation part to obtain the different fractions (Section 2.4).

2.1. Building blocks for synthesis gas
Synthesis gas (syngas) is a mixture of hydrogen (𝐻 ) and carbon monoxide (𝐶𝑂), at which 𝐶𝑂 is
predominantly produced using carbon dioxide (𝐶𝑂 ). The pathways of getting to the aforementioned
building blocks is discussed in this section. Electricity supply is an important part of the 𝐻 and 𝐶𝑂
production and therefore included. At last, biomass gasification also produces syngas, the availability
of biomass and the principle of gasification will be explained.

2.1.1. Hydrogen
Hydrogen can be produced by the synthesis of water in an electrolyzer. 𝐻 𝑂 will be supplied and
converted into 𝐻 . The total endothermic reaction that takes place inside an electrolyzer is shown in
Reaction 2.1, where the enthalpy is a summation of heat (49 kJ/mol) and electricity (237 kJ/mol).

2𝐻 𝑂 −→ 2𝐻 + 𝑂 Δ𝐻 = 286𝑘𝐽/𝑚𝑜𝑙 (2.1)

The supply of clean water is important. Rotterdam is a location for abundant water supply with rivers
and a sea nearby, although seawater can not be supplied directly to the electrolyzer. The salt needs to
be separated from the water, which can be done by seawater reverse osmosis (SWRO) desalination
[44]. Another alternative can be to utilise the river water. This water has a lower salt content, but might
be contaminated. It will need additional steps to get rid of the contaminants or salt before it can be
supplied to the electrolyzer. Besides external water supply, water produced as side-product at any
point in the kerosene production chain might be recycled and used as input for the electrolyzer.

How the hydrogen is produced in the electrolyzer strongly depends on the electrolyte used. Impor-
tant parameters to determine a suitable electrolyte for this process are current density, (future) capital
costs, gas purity and ability to work with dynamic electricity supply.

Alkaline electrolysis (AEC) is the most common technique and dominates the market for more than
100 years [135]. It operates at a low temperature, 60∘𝐶 − 80∘𝐶, with NaOH and/or KOH liquid solu-
tion as electrolyte. The produced hydrogen has a purity of approximately 99% and requires 4.5-6.6
𝑘𝑊ℎ /𝑚 with a nominal stack efficiency of 65% LHV. Nickel alloys are used as catalysts in an AEC
electrolyzer [29]. A disadvantage of the AEC is the low current density, slow start up time and slow
loading response. Long start up time makes it difficult to function with the variable nature of renewable
energy sources. AEC normally works with a steady power input. Future cost reductions will most likely
be achieved by economies of scale [109].

7



8 2. Literature review

Figure 2.1: PEM electrolyzer [109].

Table 2.1: Specifications for four different electrolyzers [27] [29] [40] [46] [109]

AEC PEM SOEC AEM [88]
Operating temperature [∘𝐶] 60-80 50-80 500-700 50-70
Operating pressure [bar] 10-30 20-50 1-15 -
Cell voltage [V] 1.8-2.4 1.8-2.2 0.7-1.5 -
Current density [A cm ] 0.2-0.4 0.6-2.0 0.3-2.0 1.15-1.5
System energy [kWh 𝑚 ] 4.5-6.6 4.2-6.6 > 3.7 -
Nominal stack efficiency [% LHV] 63-71 60-68 up to 100 42-53
Production rate [m /ℎ] 0.25-760 0.01-240 <40 -
Lower dynamic range [%] 0-40 0-10 >30 -
Respond rate (minimal load to full) 10 min 10 sec - -
Stack lifetime [h] >100.000 >40.000 <10.000 -
Capital cost [€/kW] 370-900 480-1270 >2000 -

The production of a proton exchange membrane (PEM) (Figure 2.1) electrolyzer is quite similar
to a PEM fuel cell. It was first introduced in 1960 to overcome the drawbacks of AEC [135]. PEM
electrolyzers have a higher efficiency, fast response time and high output pressure making it suitable for
hydrogen production and flexible operation, which is advantageous with intermittent power supply. The
low dynamic range makes it even more attractive for renewable electricity usage. 𝐻 production can be
decreased to 0-10%when electricity supply is minimal, which is the lowest of all discussed electrolyzers.
The operating current density of 1 𝐴/𝑐𝑚 is much higher than the AEC, while the operating temperature
is comparable (50∘𝐶−80∘𝐶). But the precious metals used in the electrolyzer makes it more expensive
than AEC. The costs can be decreased to only 1/4 of the current price if the hydrogen production
increases till 1000 kg/d. 𝑅𝑢𝑂 and 𝐼𝑟𝑂 are now classified as best catalyst for PEM water oxidation
and platinum (Pt) as best electrocatalyst for the cathode [27] [29] [109] .

The reaction that takes place at the anode side (Reaction 2.2) and on the cathode side (Reaction
2.3) will result in the total Reaction 2.1.

2𝐻 𝑂(𝑙) −→ 𝑂 (𝑔) + 4𝐻 (𝑎𝑞) + 4𝑒 (2.2)

4𝐻 (𝑎𝑞) + 4𝑒 −→ 2𝐻 (𝑔) (2.3)

High water temperature solid oxide electrolysis (HT SOEC) is a new technology that can reach an
efficiency of more than 90% if heat utilization is taken into account. This option is especially inter-
esting if waste heat is available from geothermal, solar and/or nuclear sources. Operating tempera-
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ture nowadays is still 650∘𝐶 − 1000∘𝐶, but research is developing a new configuration to lower this to
500∘𝐶 − 700∘𝐶. Current disadvantages are mostly due to material limitations, long start-up time, and
poor dynamic response and therefore commercialization will probably not start in the coming years.
Due to the long start-up time SOEC results in a poor dynamic response.

A potential advantage of the HT SOEC can be the direct production of syngas. The conversion of
water and carbon dioxide can take place simultaneously [29] [109].

Another type of electrolyzer with a big potential is the anion exchange membrane water electrolyzer
(AEMWE) [29]. Just like the PEM water electrolyzer, the AEMWE also uses a solid electrolyte and
therefore produces high purity hydrogen. But the AEMWE shows low performance and durability com-
pared to other methods. If the replacement of PEM with AEM is successful [88], advantages of both
methods can be realized, but the AEMWE can be applied more widely. However, there are too many
aspects such as materials, membranes and electrocatalysts that need more research before the full
potential can be determined.

2.1.2. Carbon dioxide
Compared to water supply, the supply of carbon dioxide (𝐶𝑂 ) is more difficult. Pure 𝐶𝑂 can be
obtained by point source capture and direct air capture (DAC).

At first, the easiest method is transporting pure 𝐶𝑂 that is produced in industry directly to the
synthetic kerosene process, also known as point source carbon capture [45]. Although this option
sounds very promising for the airport nearby Port of Rotterdam, it might cause problems the coming
decades. The Port of Rotterdam wants to reduce their emissions drastically and ultimately to zero by
2050 [2]. But not only the Port of Rotterdam needs to reduce their emissions, every country faces
challenges to reach the goals from the 2015 Paris Agreement [103]. A large 𝐶𝑂 supply is needed
to meet the desired amount for synthetic kerosene production. But if the industry meets the goals to
reduce their carbon footprint, the availability to extract 𝐶𝑂 from the industry can become insufficient
for syngas production.

Secondly, 𝐶𝑂 can be obtained by using direct air capture (DAC). DAC is a relatively new method
and in the early commercial stage. It makes use of the 𝐶𝑂 concentration in the air, which reached
400 ppm in 2018 and increases every year [15]. Although 𝐶𝑂 is only a small fraction in the air, there
is enough 𝐶𝑂 available for multiple industrial applications. Various research studies around the world
are studying different DAC methods, from which the following two methods are best known:

• One method is a system based on adsorption (Figure 2.2) where temperature swing adsorption
(TSA) is the dominant DAC method. This method works at a temperature of approximately 80 −
100∘𝐶. Adsorbents use amines to capture the 𝐶𝑂 from ambient air, followed by a desorption
process where the 𝐶𝑂 is again detached from the amine [45]. Moisture swing adsorption (MSA) is
another method in this category in which the 𝐶𝑂 rich sorbent gets moisturized [66]. Specifications
for an amine-based DAC can be found in Table 2.2.

Table 2.2: Specifications for an amine-based LT solid sorbent DAC [45]

Adsorption Desorption Energy demand Cooling CO 𝑝𝑢𝑟𝑖𝑡𝑦
T [∘𝐶] T [∘𝐶] P [bar] kWh /𝑡 kWh /𝑡 by T [∘𝐶] by %
Ambient 100 0.2 200-300 1500-2000 Waste heat 15 Air/water 99.9

Climeworks, a Swiss company based in Zurich, already built several DAC plants in Iceland, Ger-
many and Switzerland based on this low temperature sorbent technique. The plant in Germany
captured 80% of the 𝐶𝑂 molecules in air and produced synthetic diesel in cooperation with Audi.
They expect the large-scale costs for a plant to reach about 75€/𝑡 . Antecy, a Dutch company,
cooperates with Shell to implement a pilot plant that works at moderate temperatures (80−100∘𝐶).
Another initiative from the Netherlands comes from Skytree, where 𝐶𝑂 is captured on a porous
plastic bed by electrostatic properties and regeneration takes place by humid swing [45] [60].
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Figure 2.2: Schematic flow of DAC using liquid adsorbent. Captured carbon is indicated in red [60]

• A second DAC method is based on high temperature aqueous solutions. This method works
with temperatures up to 900∘𝐶 to release the 𝐶𝑂 , and therefore need substantially more heat
than previous mentioned methods. The overall heat demand becomes 1420-2250 kWh per ton
𝐶𝑂 . Electricity is besides heat necessary to blow air through the contactor for which 366-764
𝑘𝑊ℎ/𝑡𝑜𝑛 electricity is needed.

The water demand for DAC gets significant when expanding to large scale plants. So water supply
is again, after water supply for electrolysis, something to be taken care of. Regarding the costs, the
DAC units contribute to approximately half of the annualised costs for a 𝐶𝑂 capture plant. Solar PV
panels and wind power plants, batteries, heat pumps and thermal energy storage (TES) provide the
other half of the costs. Since the electricity supply depends on solar and wind, the costs for these plants
are strongly determined by the location. Estimated costs for DAC will decline to 105 €/𝑡 in 2030,
70 €/𝑡 in 2040 to even 55 €/𝑡 in 2050 [24]. Compared with the 𝐶𝑂 − 𝑡𝑎𝑥 of 30 €/𝑡 in 2021
and 150 €/𝑡 in 2030 makes DAC attractive for the future [65].

2.1.3. Carbon monoxide
Carbon monoxide (CO) with 𝐻 forms synthesis gas. There are several methods to obtain CO, from
which all except one require 𝐶𝑂 as feed stream.

The first method is equal to the first method mentioned for 𝐶𝑂 , namely point source capture. Car-
bon monoxide can be a side-product in numerous industrial processes. But it is, as well as direct 𝐶𝑂
supply, highly unlikely that the CO supply will be sufficient to guarantee a permanent flow to meet the
large kerosene demand.

Second, 𝐶𝑂 reduction interest has grown the last few years for electrochemical, thermochemical
and photochemical pathways. From these alternatives, electrochemical achieved the most interest
since it has advantages over the other approaches. Such as the easily controllable reaction rate, ambi-
ent operating conditions, compactness and the option to fully recycle the supporting electrolytes. The
other alternatives work at high pressures and temperatures [134]. If the required electricity is obtained
from renewable sources it can potentially convert 𝐶𝑂 into valuable fuels [129]. Certain challenges
need to be overcome before electrochemical reduction of 𝐶𝑂 can be commercialized. The biggest
challenge is the insufficient stability and low catalytic activity which results in a low performance of the
electrocatalysts. Two other challenges are the low energy efficiency of the process and the slow kinet-
ics of 𝐶𝑂 electroreduction [96].

Thirdly, carbon monoxide can be produced by hydrogenating carbon dioxide from a reverse water
gas shift (RWGS) reaction, known as a catalytic reduction of 𝐶𝑂 to 𝐶𝑂. The captured 𝐶𝑂 and 𝐻 will
be converted following the endothermic Reaction 2.4. An exothermic methanation Reaction (2.5) can
occur if the reaction temperature is not high enough.

𝐶𝑂 + 𝐻 −→ 𝐶𝑂 + 𝐻 𝑂 Δ𝐻 = 41𝑘𝐽/𝑚𝑜𝑙 (2.4)

𝐶𝑂 + 4𝐻 −→ 𝐶𝐻 + 2𝐻 𝑂 Δ𝐻 = −165𝑘𝐽/𝑚𝑜𝑙 (2.5)

The minimum reaction temperature is 400∘𝐶, but a common operating temperature for a high tem-
perature RWGS reactor without catalyst lies between 800−900∘𝐶. A catalyst can be added to increase
the reaction rate and decrease operating temperature or a surplus of 𝐶𝑂 or 𝐻 to shift the chemical
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equilibrium. Lower temperatures decrease energy consumption but increase costs due to high depen-
dence on the catalytic reaction. Most research is focused on copper-based catalyst systems, because
high stability is achieved for 𝐶𝑂 rich streams. Variations on the catalyst can enhance the performance
of the RWGS. Ni-based catalysts, on the other hand, by addition of Fe or 𝐶𝑒𝑂 also results in high 𝐶𝑂
conversion rates [133]. Elsernagawy et al. [41] used the copper-catalyst 𝐶𝑢 − 𝑍𝑛𝑂/𝐴𝑙 𝑂 because
of lower price, lower methane formation and better performance at lower temperatures compared to
alternative catalysts. Conversion rates of >90% can be achieved for this catalyst and depend on tem-
perature, pressure and 𝐻 /𝐶𝑂 ratio.

𝑅𝑢 (𝐶𝑂) catalyst enables the reactions to take place at a much lower temperature of 80∘𝐶, but
ruthenium is expensive and scarce in nature [112]. Another low temperature RWGS method is non
thermal plasma (NTP) which is a promising substitute for the conventional high temperature RWGS
reaction. NTP has a compact design, fast ignition and high reactivity. Although the main disadvantages
are a rich production of by-products and a low selectivity for the desired products. If these drawbacks
can be overcome, it might have great potential [73].

Fourth and last, plasma splitting is a not yet commercially available but promising method. Plasma
splitting uses a thermal plasma combined with the highly endothermic Reaction 2.6 to convert 𝐶𝑂 into
𝐶𝑂. Interest is growing the last years for gas conversion methods. Gas plasma can even react close
to room temperature and only electricity need to be supplied. Because of the low temperature it does
not need preheating and can be turned on and off quickly [22].

𝐶𝑂 −→ 𝐶𝑂 + 12𝑂 Δ𝐻 = 553𝑘𝐽/𝑚𝑜𝑙 (2.6)

The conventional way is to pass the 𝐶𝑂 through a carbon bed heated by a microwave. Microwave
plasmas are very energy efficient for 𝐶𝑂 conversion and therefore a promising method. They do
not require electrodes, leading to low maintenance cost, and have a high electric energy utilization
efficiency. In addition, no furnace is required to raise the reactor temperature since the temperature of
the microwave plasma reactor is lower (outer wall temperature (50 − 90∘𝐶)) [47].

Bermúdez et al. [20] improved the process by replacing the carbon bed by a charcoal bed, which
led to a 𝐶𝑂 conversion of 95% and energy efficiency of 45%. Li et al. [71] heated the 𝐶𝑂 gas in
advance to 3000K to let the mixture react with coke or semi-coke in the carbon bed directly. This
method maintained the 95% conversion, but reached a 75% energy efficiency. Converting 𝐶𝑂 by
plasma has promising advantages such as low investment and operating costs, no use of rare earth
materials, quickly on and off and applicable for various renewable sources. But before plasma splitting
can be commercialised it needs to overcome several drawbacks such as process capacity, catalysts
tailored for the plasma environment and 𝐶𝑂 conversion.

2.1.4. Electricity
Electricity will become an important factor in the proposed ways of synthetic kerosene production. To
maintain a fully renewable pathway to kerosene, the electricity should be produced as sustainable as
possible. Renewable electricity can be produced by wind, solar, tidal, geothermal, biomass and hydro
energy. From aforementioned methods, wind and solar are most suitable for electricity generation in
The Netherlands.

Solar panels generate approximately five times more electricity in summer than in winter (upper pic-
ture of Figure 2.3). Daily insolation can be estimated as 5.2𝑘𝑊ℎ/𝑚 /𝑑𝑎𝑦 in summer and 1𝑘𝑊ℎ/𝑚 /𝑑𝑎𝑦
in winter for The Netherlands. This yield increases 28% if the pathway of the sun is followed by the
panel during the day [115]. The solar capacity factor can be estimated to be 10-25% in The Nether-
lands [107]. Panels may be placed on roofs, farms and potentially in windows. Solar farms require
bare land-area compared to the other two alternatives.
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Figure 2.3: Expected mean capacity factor for offshore wind and solar energy for Great Britain in 2030 [118]

Wind power is generated by wind turbines placed offshore or onshore. Major improvements are
made in recent years and globally installed capacity has grown significantly. Focus on offshore wind
farms is growing, especially in The Netherlands with a long coastline. Onshore wind production faces
social resistance (NIMBY) in highly populated areas. Wind power generation varies at different loca-
tions and temporally, fluctuating production per day and annually. Figure 2.3 shows the wind pattern for
offshore wind in Britain, onshore wind exhibits a similar pattern. The mean capacity factor is clearly vis-
ible, but the graph also illustrates the enormous uncertainty. Capacity factor can reach values of only
10% up to 90%. Significantly higher than solar, where uncertainty is approximately ±5%. The wind
capacity factor in the Netherlands is, according to a study of IEA [6], annually 24% for onshore wind
turbines and 44% for offshore. Much higher capacity factors are reached offshore, which would en-
courage more offshore turbines. But this also depends on the available land/sea area and economics.

An advantage of wind power next to solar is the annual distribution combined. Solar power is
dominant in summer, while wind power is generated more equally throughout the year. Although the
production in summer is lower, which might be compensated by solar energy [118].

Another alternative might be biomass, but the sustainability hereof is questionable as discussed be-
fore. The remaining alternatives are not viable in The Netherlands due to geographical circumstances.
Therefore wind and solar electricity generation will be most suitable for Rotterdam-The Hague Airport
[105]. The distribution between themmainly depends on available land and electricity demand through-
out the year. A higher electricity demand in summer requires more solar, while a higher demand in
winter needs more wind power.
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2.1.5. Biomass
Biofuels based on biomass takes on increasing interest. Increasing interest in new technologies usually
depends on funding from governments or companies. Multiple countries incorporated biofuels in their
newest policies. The United States launched the Renewable Fuel Standard (RFS) Program to reduce
greenhouse gas emissions and reliance on imported oils by finding alternatives for fuels, such as jet
fuel, which are price competitive. Incentives in agriculture and new plants are supported to reach their
goals. The EU announced incentives to promote sustainable aviation fuel for the coming decade in the
Renewable Energy Directive. The Dutch government cooperates with SkyNRG to promote biofuels for
Schiphol Airport. China as well as Indonesia proposed increase of biofuel use in their policies [130].

Biomass can function as back-up production method for syngas production. Due to the intermittent
electricity production by renewables, the supply of 𝐻 and 𝐶𝑂 will not be constant. But the FT reactor
shows the best performance at constant operating conditions and hence continuous supply of syngas.
The flexibility of biomass offers a perfect alternative for the fluctuating electricity supply. It is therefore
a promising way to fill up the shortcomings of syngas production by electrolysis.

Biomass is widely available all around the world due to its variety. Algea, wood, agricultural waste,
cooking oil and animal fats are some examples that can be transformed into useful sources for synthetic
kerosene [124]. Wood and agricultural wastes have the highest mass conversion rates, 15% and 12%
respectively, while manure only reaches 6% [114]. But not every option is as promising as it looks,
some negatively affect the environment. A source that is relatively friendly for the environment, such
as waste, and that is widely available is preferred.

Biomass may come from The Netherlands, or may be imported. In 2018, a total of 784 kton dried
wood, chips and shreds, was available in The Netherlands [23]. Approximately 80% of this potential has
been used from which 50% is exported. Improvement of biomass applications in the coming decades
will quadruple the demand for biomass in 2050. An increasing demand and consequently biomass price
will result in an increasing supply. 955 kton might be available in 2030 and this will further increase to
1324 kton in 2050. Expected increase in demand of woody biomass for transport fuels has not been
taken into account, because of a lack of plans and initiatives.

Wood pellet market is one of the most developing solid biofuel market in the world energy sector.
The USA, Canada and the EU are the main players in this field with a total production of 14Mt in 2015.
From the European exports, the Baltic countries accounted for 35% of the total export because of their
abundant forests and perfect accessibility for shipping. The market has developed last decade due to
increased demand in the industrial sector and heating. In recent years, Asian countries also started
scaling up their wood pellet market [94]. This growing interest in wood pellets worldwide makes the
market become broader and offers opportunities for new trading partners. The Port of Rotterdam is an
important transit port for the hinterland. Multiple storage facilities are present in the harbour before it is
transferred to smaller ships, trains or trucks. This wide infrastructure is promising for a supply of wood
pellets for the production of synthetic kerosene.
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2.2. Production pathways for synthetic kerosene
There are several ways to produce synthetic fuels. But not all methods are suitable for kerosene
production. The three most promising methods, using the discussed building blocks, are methanol,
dimethyl ether (DME) and Fischer-Tropsch (FT) synthesis.

2.2.1. Methanol
The German company BASF built the first industrial scale methanol plant in 1923 at high pressure
(250-350 bar) and temperature. This has been replaced by a low pressure (50-100 bar) plant since
1960. Methanol is produced according to the exothermic Reaction 2.7 or 2.8, and thus favours low
temperatures.

𝐶𝑂 + 𝐻 ↔ 𝐶𝐻 𝑂𝐻 + 𝐻 𝑂 Δ𝐻 = −49.4𝑘𝐽/𝑚𝑜𝑙 (2.7)

𝐶𝑂 + 2𝐻 ↔ 𝐶𝐻 𝑂𝐻 Δ𝐻 = −90.6𝑘𝐽/𝑚𝑜𝑙 (2.8)

Current research on methanol production focuses on increasing plant size because of economic
advantages by scaling up. Quasi-thermal fixed bed reactors are currently used for production and re-
placed the former quench reactors. More research can be done to increase the methanol yield by 𝐶𝑂
hydrogenation and reduce water production which causes problems [40]. But using alcohol as alterna-
tive fuel will result in a significant efficiency drop because of the higher weight and requires more space.
In addition, the mass and volumetric heats of combustion are very poor [33]. Another drawback is that
methanol is highly flammable and becomes toxic and corrosive. Moreover, methanol is predominantly
used for the production of gasoline and not for kerosene [108].

2.2.2. Dimethyl ether
Dimethyl ether (DME) is a useful derivative from methanol, which is gaseous during ambient conditions
and becomes liquid at moderate pressures. DME is present in cosmetic, agricultural chemicals and
paint applications [114].

The plants were built after the methanol production plants replaced the high pressure process by
a low pressure process and demand increased. First, methanol is produced from syngas (2.7-2.8)
followed by hydrogenation of methanol according to reaction 2.9, the so-called two-step method.

2𝐶𝐻 𝑂𝐻 ↔ 𝐶𝐻 𝑂𝐶𝐻 + 𝐻 𝑂 Δ𝐻 = −23.4𝑘𝐽/𝑚𝑜𝑙 (2.9)

Due to the absence of carbon bindings and sulphur no soot or sulphur is emitted in the atmosphere.
The energy density of DME is lower compared to FT-fuel, methanol and conventional fuels but contains
a higher cetane number. Therefore it might be a promising solution to replace the conventional diesel
for heavy-weight transport or replace cooking gas, but not for replacing the conventional kerosene.
Combustion engine modifications have to be made to commercialise DME as fuel. Nevertheless, the
greenhouse gas emissions can be reduced by 80% and emission of pollutants is minimized [40].
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2.2.3. Fischer-Tropsch
Fischer-Tropsch (FT) process owes the name to the German scientists Franz Fischer and Hans Trop-
sch. Kerosene produced from FT is the first approved biofuel for commercial flights by ASTM in 2009
[130]. The FT reaction converts syngas into an intermediate product for liquid fuels called syncrude.
Components as sulfur, nitrogen, aromatics and heavy metals are not produced in contrast to conven-
tional fuel production [70], which is advantageous over the conventional production of liquid fuels. The
following highly exothermic Reactions 2.10 and 2.11 take place inside the FT reaction for producing
paraffins respectively olefins [114].

𝑛𝐶𝑂 + (2𝑛 + 1)𝐻 −→ 𝐶 𝐻 + 𝑛𝐻 𝑂 (2.10)

𝑛𝐶𝑂 + 2𝑛𝐻 −→ 𝐶 𝐻 + 𝑛𝐻 𝑂 (2.11)

Probability of chain growth, hydrogenation activity and readsorption chemistry of products deter-
mines the selectivity of the syncrude product and consequently the refining process. Side reactions
take place inside the FT reactor that produce compounds other than paraffins and olefins. Oxygenates
are a large by-product of FT synthesis and contain oxygen in their chemical structure (Reaction 2.12).

𝑛𝐶𝑂 + (2𝑛)𝐻 −→ 𝐶 𝐻 𝑂𝐻 + (𝑛 − 1)𝐻 𝑂 (2.12)

FT synthesis can be divided into two main categories, low-temperature FT (200−240∘𝐶) and high-
temperature FT (300 − 350∘𝐶). The temperature of the process strongly determines the syncrude
composition, as shown in Table 2.3.

Table 2.3: Syncrude composition for LTFT and HTFT (mass %) [110]

Fraction HTFT LTFT
Paraffins >10% Major product
Olefins Major product >10%
Oxygenates 5-15% 5-15%
Aromatics 5-10% <1%
Naphthenes <1% >1%
Water Major byproduct Major byproduct

Length of the hydrocarbons depends on the probability of chain growth (𝛼) and can be calculated
according to the Anderson-Schulz-Flory (ASF) (Equation 2.13) distribution (Figure 2.4). The 𝛼-value
depends on the type of catalyst, syngas composition, temperature and pressure. Typical 𝛼 values for
synthetic fuel production lie between 0.70-0.90, Dieterich et al. (2018) [40] reported an 𝛼 of 0.85 for
kerosene production. Higher temperatures will result in a lower 𝛼 and lower average carbon number,
a temperature of 300 − 350∘𝐶 decreases the 𝛼 till 0.65-0.70. An increasing 𝐻 /𝐶𝑂 ratio also results
in a lower 𝛼, which is undesirable for kerosene production (Table 2.4) [11]. The FT synthesis usually
operates near a 𝐻 /𝐶𝑂 ratio of 2.1:1, depending on the selectivity [124].

𝑊 = 𝑛(1 − 𝛼) 𝛼( ) (2.13)

Table 2.4: Influence of FT operating conditions on product selectivity [11]

Selectivity parameter Operating parameter being increased
Temperature Pressure H ∶ 𝐶𝑂𝑟𝑎𝑡𝑖𝑜

Carbon number distribution Lower 𝛼 -value Higher 𝛼 -value Lower 𝛼 -value
Methane selectivity Increases Decreases Increases
Alkene selectivity - - Decreases
Oxygenate selectivity - Increases Decreases
Aromatic selectivity Increases - Decreases
Syngas conversion Increases Increases -
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Figure 2.4: Anderson-Schulz-Flory product selectivity for FT [62]

𝐶 paraffins, 𝐶 linear hydrocarbons and medium weight olefins are desirable products. These
can be further processed into usable liquid transportation fuels [114], but there are certain deviations
from this distribution [62]. At first, the methane selectivity is normally higher than estimated by ASF.
Secondly, the 𝐶 selectivity is usually much lower compared to ASF. At last, there is more than one
chain growth mechanism on the surface of a FT catalyst. More 𝛼 values are required to estimate the
distribution, but this will introduce undue complexity. A double 𝛼model is a reasonable compromise and
behaves as a weighted sum of two ideal ASF product distributions. The model focuses on deviations
of the ASF model at high carbon numbers.

A syngas conversion of approximately 80% in the FT reactor will result in the highest yield. Higher
conversion decreases the yield due to lower partial pressure of carbon monoxide [93].

Catalysts
The performance and synthesis of a catalyst affects the syncrude composition. Ru, Fe, Co, Ni and
𝑇ℎ𝑂 are the best known catalysts or catalyst carriers, but only Fe and Co are industrially applied.

Ru-based catalysts for FT synthesis are more expensive and Ruthenium is scarce in nature. But
Ru is reported the most active of these metals. The activity is higher for hydrogenation of CO below
150∘𝐶 and less sensitive to 𝐻 𝑂 [28]. Despite its price and scarcity, Ru can be able to function as
promoter besides a Co-based catalyst. Nickel’s hydrogenation efficiency is comparable with Ru, but
more relevant for methanation.

Fe and Co are very effective in converting syngas into chemicals or fuels. High activity, low cost,
easy access and flexible operating conditions in high and low temperaturemake that Fe-based catalysts
are widely available and applied in industry. As regards 𝐻 /𝐶𝑂 − 𝑟𝑎𝑡𝑖𝑜, iron catalysts are useful for
lower ratios (0.5-2.5) and are not suitable for 𝐻 rich syngas [119]. Consequently, iron catalysts are
more convenient for alkene production.

Co-based catalyst on the other hand operates better in 𝐻 rich syngas (𝐻 /𝐶𝑂 = 2) and is more
relevant for middle distillate and heavy waxes production. This brings a high stability and low activity
for the water gas shift (WGS) reaction. It produces mainly paraffins with few alcohols and olefins,
which is advantageous because kerosene consists of paraffins. But cobalt is best suited in less severe
conditions in terms of pressure and temperature.

The choice of catalyst depends on the FT method, feedstock and final objective of the process.
From the above mentioned catalysts, Fe and Co are the only commercially available catalysts. They
normally show the best compromise between price and performance [13] [74].

But this research will combine DAC and water electrolysis with biomass to anticipate on intermittent
electricity supply. For this reason the syngas produced by biomass also needs to be considered by
finding the appropriate catalyst. First, the hydrogen content of biomass syngas is relatively low. Fe-
catalysts can work with low hydrogen content wherefore Fe is advantageous over Co-based catalysts.
But the stream can be upgraded before the FT reactor and make cobalt suitable as well. Cobalt is
preferred in a clean syngas stream and therefore requires purer syngas than a Fe-based catalyst.
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Cleaning syngas in general is important to avoid catalyst deactivation by contaminants such as sulfur,
chlorides, oxygen and nitrogen-containing compounds.

Secondly, water vapour is produced in biomass gasification. This affects the performance of the
catalysts. Research found that Co and Fe catalysts are both similarly negatively influenced and thus
no distinction can be made based on water vapour content.

Third, the operating conditions of the FT synthesis strongly affects the catalyst performance. Van
Berge [19] developed an envelope, Figure 2.5, where the choice of Fe (240∘𝐶) or Co (220∘𝐶) catalysts
depends on the reactor pressure and relative space velocity, the relation between volumetric flow rate
and reactor volume [43]. Severe conditions, high temperature, high pressure and presence of impuri-
ties, are more suitable for using iron catalyst. Co-based catalyst on the other hand are comparatively
more active under less severe conditions [74].

Based on these aspects, Co-based catalysts seems a better option for the FT process presumed
that the FT reactor can operate with a Co-based catalyst. The higher selectivity for paraffins and ap-
plicability in 𝐻 rich streams are important parameters for the kerosene production with the proposed
methods.

Figure 2.5: Productivity comparison between Fe- and Co-based catalyst [19]

Reactor type
Four different kinds of reactor types are available for the FT reaction: fixed bed, slurry bed, circulating
fluidized bed (CFB) and fluidized bed reactor. An overview can be found in Table 2.5 and a visual
impression in Figure 2.6. The operation mode of the aforementioned reactors can be divided into high
(300−350∘𝐶) and low (200−240∘𝐶) temperature. Fe-catalysts work at high temperatures and chiefly
produce low molecular weight olefins and gasoline. While low temperature FT produces high molecular
mass linear waxes. Paraffins instead of olefins are preferred for the production of synthetic kerosene
and therefore low temperature FT is more suitable [114]. By selecting an appropriate reactor it needs
to be taken into account that the aviation sector will continue to expand and the availability of scaling
up the reactor capacity is important.

Table 2.5: Reactor types for Fischer-Tropsch process [40]

Multi-tubular Fixed slurry Circulating Fluidized
fixed bed bed fluidized bed bed

Operating temperature [∘𝐶] 220-240 220-240 320-350 320-350
Operating pressure [bar] 20-25 20-25 25 up to 40
Conversion 60% per pass 60% per pass 85% >85%
Catalyst Fe or Co Fe or Co Fe Fe
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A fixed bed reactor has tubes filled with catalysts and boiling water on the shell side. It produces
mainly high carbon number products comparable to crude oil. The medium temperature needs to retain
low to prevent the temperature rise up to the limit of 260∘𝐶. Scaling up is easy, although the pressure
drop becomes high in large reactors. Maximum production of this reactor is roughly 3000-4500 barrels
per day [40].

(Fixed) slurry phase reactors are much easier to fabricate, simpler and operate at approximately
230∘𝐶 and 20-25 bar [114]. The reactors use waxy products as heat carrier and suspension fluid for
catalyst particles. The well mixed phase results in a perfect temperature control. The product selectivity
will also function on higher average conversion. Another advantage is the cost efficiency, which is 25%
higher compared to fixed bed. The pressure drop of a slurry phase is much lower than a fixed bed
reactor, and therefore lowers the costs for re-compression. Catalyst removal can occur without turning
off the reactor in contrast to the fixed bed reactor, which eliminates down-time. In addition, catalyst use
in slurry phase per production unit is lower than fixed bed. At last, a slurry phase reactor is easy to be
scaled up and can eventually reach 20.000 barrels per day [40].

On the other hand, several challenges and drawbacks come with the slurry phase. The viscosity in
the reactor limits the catalyst loading and the thermal efficiency is only 60%. A challenge to make it eco-
nomically feasible is the separation of catalyst and wax, especially for iron catalyst that is precipitated
friable.

In general, the slurry phase reactor offers significant process and economic advantages over the
fixed bed reactor. The isothermal behavior, lower costs and possibility to easily scale up the process
makes the slurry phase FT reactor more attractive [43].

Figure 2.6: Fischer-Tropsch reactors, multi-tubular fixed bed, circulating fluidized bed, fluidized bed, fixed slurry bed [114]

Circulating fluidized bed reactors work with iron-based catalysts and operate at a higher temperature
than previous mentioned reactors, namely above 300∘𝐶 to avoid agglomeration of the catalyst by heavy
waxes. But a CFB produces mainly ( 80%) low carbons (< 𝐶 ) and less kerosene range carbons or
waxes. [40].

In a fluidized bed reactor, the cooling of the reactor occurs by tubes inside the reactor which oper-
ates in the bubbling regime. Easy heat removal and temperature mixing are provided by the good heat
transfer of the beds [35]. The production of low carbon numbers (< 𝐶 ) contributes to approximately
80% of the outflow, such as the circulating fluidized bed reactor [40]. Wherefore CFB and fluidized bed
are not suitable for kerosene production due to shorter hydrocarbon chains.

The FT-reactor produces tail gas besides hydrocarbons and water. Tail gas comprises of 𝐶𝑂 , 𝐶𝐻4,
𝑁 , water vapor, vapor hydrocarbons and unreacted syngas. There are three alternatives to use this
tail gas useful within the system. At first, it can be recycled to the FT reactor to increase the liquid
product yield. Secondly, the gas can be fed to the gasifier as additional feed besides the biomass.
Finally, the gas can generate electricity by a power plant [111]. The best option depends on the system
configuration.
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2.3. Biomass gasification
There are several thermochemical processes to convert biomass. The main processes are pyrolysis,
combustion and gasification.

Pyrolysis thermally decomposes organics with absence of oxygen and is the first step in combustion
and gasification before total or partial oxidation of primary products. Reuse of side-products and less
emissions are advantages of pyrolysis. Products are mainly used in chemical and power generation
industries. But syngas and subsequently bio-fuels are also possible products, although low energy
density and the corrosive nature makes it not very suitable for fuels [114] [127].

Biomass combustion can take place in a boiler and is used to produce heat, power or electricity.
The boiler and operating conditions are determined based on the type of biomass [57]. But using the
combustion process in the production of synthetic kerosene can only be useful if there is a lack of
electricity or heat in the current system. Otherwise gasification to produce syngas is more promising
to compensate the fluctuating supply of syngas by electrolysis due to intermittent electricity production
by renewables.

2.3.1. Gasification technology
The gasification process converts biomass into syngas by using heat, pressure and a fluidizing agent.
The produced syngas can be applied for electricity generation or synthetic fuel production via Fischer-
Tropsch, ammonia or synthetic natural gas.

A gasifier can be described to consist of three successive steps: drying, pyrolysis and gasifica-
tion. Drying is part of the pre-treatment of the biomass, along with screening, size reduction, magnetic
separation and wet/dry storage. The drying phase heats up the biomass and causes the moisture to
evaporate. Biomass mostly contains a certain amount of moisture that affects the performance nega-
tively downstream. Algae for example can contain up to 40% moisture, while wood pellets or shreds
are usually below 20% [114]. An upstream dryer is a pre-processing step of biomass that lowers the
moisture content usually to <10%. This step is only required when the moisture content of biomass is
above this 10% and mostly >20%. Every kilogram of moisture needs 2260 kJ to evaporate from the
biomass [114]. Steam drying is preferred since the FT process produces low-quality steam that can be
applied in the dryer [124].

The pyrolysis part of the gasification converts the biomass, according to the devolatilization reaction
(R1) from Table 2.6, into gases, char and liquids. This will reach the gasification part where the main
gasification reactions R2-R9 from Table 2.6 take place in the presence of a fluidizing medium. Partial
oxidation reactions (PO1-PO3) occur when oxygen is present in the gasifier and tars will be converted
according to Rtar-Rtar4. But the product gas composition strongly depend on the biomass composition
(Table 2.7), operating conditions, reactor type, fluidizing medium and bed materials [76]. The tempera-
ture inside the gasifier depends on the feedstock and type of reactor. For woody biomass the operating
temperature is usually 850 − 950∘𝐶, while coal gasification operates at around 1000∘𝐶. Defining the
most appropriate temperature is important to achieve a high syngas yield and low tar production. The
pressure of the gasifier will be similar to the Fischer-Tropsch reactor, 20-30 bar, but can work up to 40
bar.

The most well known reactors for gasification of biomass are fixed bed reactor, fluidized bed reactor
and entrained flow gasifier. Plasma and unique gasifiers are also types of gasifiers but require more
research before commercialization. Fixed bed are the simplest and most robust gasifiers predomi-
nantly used for small scale installations. The two types of fixed bed gasifiers are updraft and downdraft
reactors. Their names are based on the flow direction, counter- or co-current, of the fuel and oxidant.
Updraft gasifiers achieve a high thermal efficiency and perform better at high moisture biomass, such
as residual waste. A disadvantage is the higher tar content which requires more gas cleaning after-
wards. Downdraft gasifiers on the other hand produce less tar and the gas and fuel flow in similar
direction. Scaling-up the downdraft gasifier is limited by the size of the throat, causing it unsuitable for
large-scale plants.

Entrained flow gasifiers reach high temperatures which results in shorter life of components but can
reach high carbon conversion and is suitable for large scale capacities such as fluidized bed. The high
temperature makes it possible to get close to the equilibrium composition and consequently to a high



20 2. Literature review

Table 2.6: List of gasification reactions [10] [48] [76] [91] [95]

Number Name Reaction Δ𝐻 [kJ/mol]
R1 Devolatilization Biomass −→ 𝑉𝑜𝑙𝑎𝑡𝑖𝑙𝑒𝑠 + 𝐶 + 𝐴𝑠ℎ > 0
R2 Partial combustion C + 0.5O −→ 𝐶𝑂 -111
R3 Complete combustion C + O −→ 𝐶𝑂 -394
R4 Boudouard C+CO −→ 2𝐶𝑂 172
R5 𝐻 𝑂 gasification C + H 𝑂 −→ 𝐶𝑂 + 𝐻 131
R6 CO oxidation CO + 0.5 O −→ 𝐶𝑂 -283
R7 𝐻 oxidation H + 0.5𝑂 −→ 𝐻 𝑂 -242
R8 Water gas shift CO + H 𝑂 ↔ 𝐶𝑂 + 𝐻 -41
R9 Steam methane reforming CH + 𝐻 𝑂 ↔ 𝐶𝑂 + 3𝐻 206

Partial oxidation reactions
PO1 Methane CH + 0.5𝑂 −→ 𝐶𝑂 + 2𝐻
PO2 Benzene C 𝐻 + 4.5𝑂 −→ 6𝐶𝑂 + 3𝐻 𝑂
PO3 Phenol C 𝐻 𝑂 + 4𝑂 −→ 6𝐶𝑂 + 3𝐻 𝑂

Tar conversion reactions
Rtar1 Benzene C 𝐻 + 𝐻 𝑂 −→ 3𝐶 + 2𝐶𝐻 + 𝐶𝑂
Rtar2 Phenol C 𝐻 𝑂 −→ 𝐶𝑂 + 0.4𝐶 𝐻 + 0.15𝐶 𝐻 + 0.1𝐶𝐻 + 0.75𝐻
Rtar3 Toluene C 𝐻 + 𝐻 −→ 𝐶 𝐻 + 𝐶𝐻
Rtar4 Naphthalene C 𝐻 −→ 9𝐶 + 1/6𝐶 𝐻 + 3.5𝐻

Table 2.7: Proximate and ultimate analysis of two different types of biomass

Wood pellets [3] Wood chips [54]
Proximate analysis (wt % dry basis)
Volatile matter 81.49 80
Fixed carbon 18.01 18.84
Ash 0.50 1.16
Moisture content (wt %) 8.70 20
Ultimate analysis
Carbon, C 45.79 51.19
Hydrogen, H 5.54 6.08
Oxygen, O 39.43 41.3
Nitrogen, N 0.08 0.2
Sulfur, S 0.01 0.02
Chlorine, Cl 0 0.05
Net caloric value (dry basis) (LHV) [MJ/kg] 18.61 19.09

syngas quality. But entrained flow gasifiers are more known in the coal industry. Coal can be easily
crushed into smaller particles, which is harder to achieve with biomass. Reaching the preferred particle
size for biomass is a high energy intensive process.

Fluidized bed gasifiers can work with flexible fuel and load and reaches high heat transfer. An
advantage of this reactor is that it can operate under pressurized conditions. This makes it very suitable
for processes that work above atmospheric pressure, such as FT. A fuel conversion of 85 − 95% can
be reached, which is comparable with a fixed bed downdraft gasifier. The reactors are divided into
circulating fluidized bed (CFB) and bubbling fluidized bed (BFB), where a CFB works with high gas
velocities and BFB with low. Both have an operating temperature which is limited to 800 − 900∘𝐶
to prevent melting of the bed material, although the feedstock conversion rate is usually high. But
a catalyst is required to reach the equilibrium of the gasification reactions. The lower temperature
and also short residence times result in the existence of methane and tar. The geometry and mixing
properties makes this reactor type very suitable for scaling up. Siedlecki [113] made a brief overview
of the differences between a CFB and BFB for an industrial plant (Figure 2.7).

Considering the heat supply for the reactor, the fluidized beds can be divided into direct and indirect



2.3. Biomass gasification 21

Figure 2.7: Overview of differences between industrial scale BFB and CFB [113]

heating. Indirect heating separates the gasification and combustion stage in two different parts. The
heat delivered to the gasifier is produced in the combustion chamber, where steam is usually used as
fluidizing agent. This method of heating produces a higher hydrogen content and lower 𝐶𝑂 fraction,
but more methane. It seems that this process is most likely for substitute (synthetic) natural gas. Some
well-known indirect heated CFB concepts are the Pyrox process, MILENA gasifier from ECN, Battelle’s
Silvagas process and a by TU Vienna developed Fast Internally Circulating Fluidized Bed (FICFB)
(Figure 2.9) [83].

The Pyrox process was the first developed method in 1970’s originally from Japan, targeted for solid
waste material gasification. A commercial scale plant operated 8 years, built in 1983, with a capacity
of 450 t/d using municipal solid waste (MSW). In Woodland, California a pilot plant with a capacity of 5
t/d for wood pellets is commissioned.

MILENA operates in CFB mode surrounded by a BFB combustor with it’s first lab-scale plant in
2004. Plans and research studies have been done for large scale (12 𝑀𝑊 ) plants in recent years.

The Battelle’s Silvagas process had an operating plant from 1997-2001 using wood pellets with a
fuel use up to 350 t/d [83].

Figure 2.8: Principle of FICFB gasification process [55]

FICFB has been invented in late 1990’s and resulted in several plants, from which a 32 𝑀𝑊 unit
in Gothenburg, Sweden, is the biggest [83]. It has a quite similar technology as the MILENA gasifier,
except that the gasification reactor is a BFB instead of CFB. Steam is used as fluidizing agent and the
operating temperature is maintained between 850 − 900∘𝐶, while the combustor operates at a slightly
higher temperature (950 − 1000∘𝐶). An overview of the FICFB principle is shown in Figure 2.9.

Direct heating (Figure 2.9a) on the other hand heats up the feed stream inside the gasifier. Oxygen
is supplied to the gasifier to balance the heat of combustion of the oxidation reactions. Here it becomes
inevitable that some fraction of the product gas will also be combusted. This is one of the reasons why
indirect heating has been invented, to avoid combustion of product gas. The fluidizing agent consists
of a mixture of steam and air/oxygen [113].

Siedlecki [113] did extensive research on CFB gasification with wood pellets. Multiple bed materi-
als, such as sand, olivine and magnesite, have been tested from which magnesite showed the highest
𝐻 /𝐶𝑂 ratio (1.7-2.7). Bed material is mainly used for heat storage and heat transfer between the
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Figure 2.9: Four CFB gasifiers a) directly heated; b) indirectly heated duel CFB, Battelle; c) indirectly heated FICFB, TU
Vienna; d) indirectly heated MILENA, ECN [113]

particles undergoing endothermic and exothermic processes. Heat is stored in the bed material and
transferred to processes that require heat by intense mixing of the bed inventory. Usually bed material
remains inert as quartz sand is normally applied. But some types of bed material may have a significant
impact on the process. Causing catalytic activity on some involved reactions or interaction with fuel
constituents and changing the physical properties. Higher activity for ongoing reactions mostly result
in higher tar conversion rates and improved gas quality. The change in physical properties, on the
other hand, can cause bed agglomeration which is highly undesirable. But materials can also absorb
components, for example 𝐶𝑂 , affecting the 𝐻 /𝐶𝑂 ratio and 𝐶𝑂 emission from the gasifier. Main
problems with bed materials are the high costs, low attrition resistance and continuous deterioration of
their mechanical strength over the reaction time.

Another direct heated gasifier is built by the Institute of Gas Technology (IGT) and operates under
pressurized conditions. It produces medium calorific gas, broad range of 𝐻 /𝐶𝑂 ratio and is oxygen
fired, causing no nitrogen pollution [52]. A pressurized IGT demonstration plant built in 1991 designed
for 70 ton/day of sugarcane is located in Hawaii [67].

Air, 𝐶𝑂 , steam or a steam-oxygen mixture can function as medium in the fluidized bed reactors.
Air is the most common fluidization medium but comes with nitrogen which dilutes the syngas. But the
MILENA and FICFB gasifiers use air while producing a product stream with essentially zero nitrogen.
Gasification by steam is endothermic and is very energy intensive, but the heat produced in a FT
reactor or other exothermic processes can be used to saturate 𝐻 𝑂. Steam is often preferred since it
produces syngas with higher hydrogen content, maximizes the heating value and has efficient tar and
char reduction [87]. The optimum conditions for steam to biomass ratio (SBR) and equivalence ratio
(ER) depends on the type of gasifier used. The equivalence ratio (ER) and steam-to-biomass ratio
(SBR) can be defined according to Equation 2.14 and Equation 2.15.



2.3. Biomass gasification 23

𝐸𝑅 = 𝑒𝑥𝑡𝑒𝑟𝑛𝑎𝑙 𝑂 𝑠𝑢𝑝𝑝𝑙𝑦/𝑓𝑢𝑒𝑙 𝑠𝑢𝑝𝑝𝑙𝑦 (𝑑.𝑎.𝑓.)
𝑠𝑡𝑜𝑖𝑐ℎ𝑖𝑜𝑚𝑒𝑡𝑟𝑖𝑐 𝑂 𝑟𝑒𝑞𝑢𝑖𝑟𝑒𝑚𝑒𝑛𝑡/𝑢𝑛𝑖𝑡 𝑜𝑓 𝑓𝑢𝑒𝑙 𝑖𝑛𝑝𝑢𝑡 (𝑑.𝑎.𝑓.) (2.14)

𝑆𝐵𝑅 = 𝑠𝑡𝑒𝑎𝑚 𝑚𝑎𝑠𝑠 𝑓𝑙𝑜𝑤
𝑏𝑖𝑜𝑚𝑎𝑠𝑠 𝑓𝑒𝑒𝑑 𝑓𝑙𝑜𝑤 (2.15)

The oxygen can be supplied by the system itself, although an oxygen quality of at least 90 mol%
is required [111]. The electrolysis of water by the PEM electrolyzer produces very pure oxygen that
can easily meet the conditions. One drawback is the required oxygen storage. Oxygen production is
high when biomass gasification will be low, and vice-versa. Which means that oxygen required for the
gasifier is needed when PEM electrolysis produces small amounts of oxygen.

There are several methods to store oxygen. If oxygen is cooled below boiling point (−183∘𝐶), it will
become liquid. Liquid oxygen, abbreviated to LOX, is less difficult to transport and store than gaseous
oxygen. Another method is storing oxygen under high pressure in tanks, but this is more bulky and
costly [36].
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2.3.2. Gas conditioning
The produced raw syngas by the gasification reactor requires gas conditioning to reach clean enough
syngas for the FT reactor. Gas conditioning extrudes components from the raw syngas before it can
be fed to the FT reactor, such as particulate matters, tar, water, 𝐻 𝑆, 𝑁𝐻 and halides [124]. Maximum
allowable quantities of these contaminants can be found in table 2.8.

Table 2.8: Maximum allowable contaminants in FT synthesis [114]

Contaminant Maximum allowable [𝜇 L/L]
Particulate matter 0
Condensable tars < 0.01
Tars (heteroatoms) < 1
Alkali < 0.01
NH < 0.02
H 𝑆 < 0.01
Halides (HCl) < 0.01

Particulate matters consist of ash and unconverted carbonaceous materials and are inevitable pro-
duced by gasification. The amount of particles is strongly determined by the gasifier design. Removal
is essential because it affects processes downstream and exceed the emission limit of environmental
regulation if it remains in the flue gas. Gas turbines and combustion engines accept small particle con-
centrations, but for Fischer-Tropsch synthesis complete separation is required. Commonly a cyclone
separator with a bag filter or scrubber is applied to remove >99.9% of particulates [12] [124].

Tar is a dark brown or black viscous liquid of hydrocarbons and free carbon. It is an undesirable
mixture and consists of condensable hydrocarbons and aromatic compounds up to five rings. It can
be removed within the gasifier or in the post-treatment, which is less economically attractive. The tar
content depends on the the type of gasifier, but higher temperature (above 800∘𝐶) usually results in
lower tar contents [38]. Same result is observed with increased pressure. On the other hand, tar
content increased when steam is used as agent instead of air due to lower gasification temperature.

Tars can clog equipment, lower syngas quality and deactivate catalysts downstream. Therefore tar
removal is important right after the gasification to prevent damage downstream. Tars can be cracked
by non-thermal plasma, elevated temperature or catalysts. Thermal decomposition operates at tem-
peratures of 1100 till 1300∘𝐶 and is simple and effective, but expensive due to high energy demands.
Alternatively, a water scrubber can be used as post-treatment to decrease the tar and contaminant
content in the raw syngas [99], although water scrubbing only reaches a tar removal efficiency of only
30%. But an oil scrubber can reach an efficiency of around 80-98% [25] [122]. Vegetable and canola
oil are regularly used for oil scrubbing, otherwise fossil oil is an option. ECN patented an oil-based gas
washer, OLGA, that focused on the tar behavior instead of tar content. The liquid tar is collected by
cooling (320 − 340∘𝐶) the product gas inside the scrubber. But the inlet and outlet temperature of the
cooler should be high (> 400∘𝐶) to minimise tar condensation and fouling. To prevent water formation,
temperature of the oil scrubber may not decrease below dew point [21].

Catalyst deformation in scrubbing takes place at relatively low temperatures. Ni-catalysts are mainly
employed commercially, but suffers from sintering and coking. Plasmas are very effective, but due to
high energy requirements and operating intricacies not used in large-scale facilities.

Wet scrubbing is a cold gas cleaning technique where also a fraction of tar is absorbed in water.
This method is attractive in the context of efficiency and costs, but the waste-water cleaning can be
challenging. Cold gas cleaning removes besides tar also alkali, chlorine and PM. Alkali can also be
extracted by condensation, but adsorption has a higher capacity and operates at almost all tempera-
tures.

Catalysts for tar are also useful to crack ammonia and operate at 500∘𝐶, but elevated tempera-
tures of 700 − 800∘𝐶 are recommended to prevent coking. Thereafter, ammonia removal happens by
absorption in water.

Sulfur can be removed by high and low temperature technologies. High temperature makes use of
physical or chemical adsorption, whereby metal oxides are the most promising sorbents. Low temper-
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ature is based on chemical absorption, physical absorption, or a combination of both processes. Com-
mercially applied physical absorption methods are Selexol, Rectisol and Purisol. Selexol and Purisol
both show high solubility for 𝐻 𝑆 and may be applied for combined 𝐻 𝑆 and 𝐶𝑂 removal. Rectisol
on the other hand uses chilled methanol as physical solvent which shows high removal efficiency for
𝐻 𝑆 and 𝐶𝑂 , making it suitable for Fischer-Tropsch process. Relative solubility’s of chilled methanol
can be found in Appendix A. But the operating temperature is a downside of the process, requiring
expensive and complicated cryogenic process stages [123]. Amines can be used as solvent with an
absorber/stripper column to extract 𝐻 𝑆 as well as 𝐶𝑂 from the raw syngas stream [90]. The appro-
priate method is determined according to the partial pressures in the feed and product stream [120]
(Figure 2.10).

Figure 2.10: Appropriate method for simultaneous removal of and [120]

At last, a sorption enhanced water gas shift reactor (SEWGS) can be used to obtain the desired
𝐻 /𝐶𝑂 ratio for FT. The SEWGS is basically the water gas shift reaction (R8 from Table 2.6) and oper-
ates at around 200 − 300∘𝐶. The SEWGS Reaction 2.16 is an equilibrium reaction where 𝐻 𝑂 or 𝐶𝑂
can be added to adjust the 𝐻 /𝐶𝑂 ratio [64].

𝐶𝑂 + 𝐻 𝑂 ↔ 𝐻 + 𝐶𝑂 Δ𝐻 = −41𝑘𝐽/𝑚𝑜𝑙 (2.16)
The syngas is converted into hydrocarbons with different lengths, water and unconverted syngas

by the FT reactor. Several components will be removed from the stream before fed to the distillation
column. This can be done in a decanter. Small hydrocarbons (𝐶 − 𝐶 ) are separated by a flash
separator and can be recycled to a steam reformer.

Currently hydrogen production is for 95% based on fossil fuels, mostly by steam reforming (SMR)
of natural gas. SMR converts methane (𝐶𝐻 ) and other small hydrocarbons (Reaction 2.17) in the
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presence of steam/water into hydrogen, 𝐶𝑂 and 𝐶𝑂 over a nickel catalyst according to the endothermic
reaction R9 from Table 2.6. This operates at a pressure of 20-30 bar and temperature around 850∘𝐶
with a steam to methane ratio around 2.5-5 [64]. Average conversion rates of 74-85% are achieved,
whereby higher conversion rates are reached in large-scale SMR plants [100].

𝐶 𝐻 + 𝑛𝐻 𝑂 −→ 𝑛𝐶𝑂 + (2𝑛 + 1)𝐻 (2.17)

Autothermal reforming (ATR) is another method to convert methane into syngas in presence of
steam by Reaction 2.18. It operates at a relatively high temperature of 950 − 1050∘𝐶 and pressure
30-50 bar.

2𝐶𝐻 + 𝑂 + 𝐶𝑂 −→ 3𝐻 + 3𝐶𝑂 + 𝐻 𝑂 (2.18)

ATR has a higher methane conversion than SMR and corresponds better with the 𝐻 /𝐶𝑂 ratio of
Co-based and Fe-based catalysts. Therefore ATR is used for methanol synthesis and production of
higher molecular-weight hydrocarbons via FT process. Secondly, the 𝐻 /𝐶𝑂 ratio can be varied which
makes it suitable for second generation fuels. On contrary, pure oxygen is required in a 0.55-0.6
oxygen/hydrocarbon ratio. Figure 2.11 illustrates the conversion rate with varying aforementioned pa-
rameters [31].

Figure 2.11: Theoretically calculated fraction of methane that is converted in an autothermal reformer as a function of
temperature, ratio and steam-methane ratio at 40 bar [31]
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2.4. Distillation
The residual stream with long hydrocarbon chains (𝐶 ) is fed to the distillation column. The column is
used to retrieve the different fractions, such as gasoline (𝐶 −𝐶 ), diesel (𝐶 −𝐶 ), waxes (𝐶 ) and
the preferred kerosene (𝐶 − 𝐶 ). The number of stages and reflux ratio can be estimated according
to the Winn-Underwood-Gillilind, which is based on volatilities. While the feed tray can be determined
with Kirkbride’s method [18]. The pressure inside the column can be assumed constant if it’s not a
vacuum column where pressure at the top and bottom are significantly different.

Kerosene roughly consists of hydrocarbons and is referred to as middle distillate. Other fractions
like gasoline and diesel might be useful for other applications on the airport. Waxes, light hydrocarbons
and other fractions can be converted into kerosene by different processes. Waxes can be cracked by
thermal or catalytic cracking. Catalytic cracking takes place at high temperature and relatively low
pressure in the presence of a catalyst. Thermal hydrocracking on the other hand takes place at high
temperature and pressure with hydrogen. But this method is energy intensive and requires specialized
machinery [92]. A purge stream is required to prevent accumulation of unreacted components.

Leckel [68] has done extensive research on the performance of the Sasol iron-catalyzed hydro-
cracker to predominantly produce diesel. Although diesel is slightly different from kerosene, much
hydrocarbons can be equally in both fuels. Table 2.9 provides the yield and selectivity for a hydroc-
racker operating at 35 bar and 360 ∘𝐶 with a wax conversion rate of 84%. A higher pressure results in
a higher diesel/naphtha ratio but decreases the wax conversion.

Table 2.9: Selectivity and yield rates of an iron catalyst hydrocracker (35 bar, 360 ∘ , 84 wt.%
wax conversion, hydrogen/wax ratio of 1500/1 L / )[68]

Selectivity (wt.%) Yield (wt.%)
C1-C4 10 11
C5-C9 15 13
C10-C22 75 63
C23+ - 13

Lower chains (𝐶 − 𝐶 ) can be upgraded till kerosene by alkylation or oligomerization or used as
gasoline. Upgrading is not necessarily required since gasoline is also widely used on airports for other
forms of transports, the same holds for diesel. Therefore only waxes and 𝐶 − 𝐶 will be recycled to
optimise kerosene production.
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Model development

In this chapter the model is described and validated. Aspen Plus is the simulation program used for this
study, as explained in Section 3.1. Previous relevant literature making use of Aspen Plus is discussed
and model assumptions are given. Section 3.2 describes the components present in the model. At
first, for each part a theoretical foundation is given for the decisions made based on the literature study.
Secondly, the schematic of the part developed in Aspen Plus is explained. Validation of gasification,
tar removal and 𝐻 𝑆/𝐶𝑂 removal takes place in Section 3.3 to justify the validity of the model.

3.1. Methodology and model assumptions
For this study, Aspen Plus version 8 is used to model the synthetic kerosene production process.
Aspen Plus simulates chemical processes in steady state where reactors, compressors, pumps etc.
are modelled as unit operation blocks. Materials, process conditions and energy streams are used
to perform simulations and calculate optimum conditions and specifications for the unit blocks. Most
calculations were made according to the Peng-Robinson Equation of State (EoS) (Equations 3.1-3.3),
which is recommended when working with hydrocarbons and high pressure. For several components
in the process it is recommended to apply other EoS. But this will be discussed during model setup in
Section 3.2.

𝑃 = 𝑅𝑇
𝑣 − 𝑏 −

𝛼𝑎
𝑣 + 2𝑏𝑣 − 𝑏 (3.1)

𝑎 = 0.45723553𝑅 𝑇𝑃 𝑏 = 0.07779607𝑅𝑇𝑃 (3.2)

𝛼 = [1 + 𝜅(1 − √ 𝑇𝑇 )] (3.3)

Several research studies have made use of Aspen Plus that are partially related to this research
study. Han et al. (2017) [53] modelled a downdraft biomass gasifier to produce syngas with hardwood
chips by Aspen Plus. Another Aspen Plus model that produces syngas by biomass gasification is done
by Yahya and Gambardella (2017) [132]. Tijmensen et al. (2002) [124], Navas-Anguita et al.(2019)
[85] and Campanario and Gutiérrez Ortiz (2017) [26] modelled the production of syngas via biomass
as well, but in a more comprehensive way including the eventual synthetic fuels. Er-rbib et al. (2012)
[42] has produced synthetic fuels by dry reforming of methane using Aspen Plus.

Electrochemical cells, such as PEM or AEC, are not readily available as operation block in Aspen
Plus. Only a custom cell stack is available. Sánchez et al. (2020) [106] developed an Aspen Plus
model that simulates an AEC plant.

The intermittent electricity supply turns the problem into a dynamic problem, but this research study
will be focusing on the extreme situations in steady state. The dynamic behavior is more important in
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shorter time periods than discussed in this study. Time frames of a day or shorter will require dynamic
analyses while this study focuses on the longer frames where steady state analyses gives a satisfactory
result. Performing dynamic analyses will be a recommendation for further research.
Some assumption will be made due to modelling limitations and to finish the study within prescribed
time, these are listed below:

• The process is assumed to run on steady state operation.

• Particle size distributions of biomass and other components is not considered.

• Biomass is assumed to be free of ash

• Char resulting from pyrolysis is simulated as pure carbon (graphite).

• Tars are simulated as four compounds, benzene, phenol, toluene and naphtalene.

• The pressure drops are assumed to be zero for the components unless mentioned otherwise.

• Enthalpy and specific heats of biomass are calculated by Aspen Plus, where biomass is modeled
as a non-conventional solid.

• 𝐶𝑂 capture (DAC) in-depth research will not be done in this report. Available reports will be used
to determine the operating parameters and cost analysis. But a further study does not fit in the
scope of this project.

• Water fed to the system is assumed to reach the required specifications when it arrives, ex-
cept from temperature and pressure. Doing research on pollution in rivers, canals and seawater
nearby Rotterdam and consequently the required cleaning methods lies beyond the scope of the
project. Excluding the recycled water from within the system, here required upgrading steps will
be integrated to meet the electrolyzer specifications.

• Electricity will be completely supplied by the connected solar panels and wind turbines. Low
electricity production does not result in electricity supply by the grid but a lower production of
hydrogen by the electrolyzer and an increasing syngas production by biomass gasification.

• The electricity grid of the airport will always assumed to be stable.

The model (Figure 3.1) will be a combination of two separate ways to produce synthetic kerosene.
The part from the Fischer-Tropsch reactor and further downstream including distillation is equal for both
parts. So the model can be subdivided into three different parts. The two different pathways, (1) DAC
with water electrolysis and (2) biomass gasification, till the Fischer-Tropsch reactor and (3) from the
FT reactor further downstream. At first, the two pathways will be built separately where one pathway
includes part 3. When both models show adequate results, they will be merged. Recycle streams
and a heat integration network is possible if the three parts are connected, because of interconnecting
streams.

The incoming streams, (1) 𝐻 𝑂, (2) air/𝐶𝑂 and (3) biomass (wood pellets), depend on the 2 de-
scribed scenarios. An overview of the complete process developed in Aspen Plus can be found in
Appendix B. Section 3.2 will briefly discuss and elaborate each operation block.
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Figure 3.1: Block diagram of the combined system of synthetic kerosene production. Blue
lines are inlet streams, red lines are outlet streams.

3.2. Model setup
3.2.1. PEM electrolyzer
Hydrogen is a key component in the system and can be produced by water electrolysis. The endother-
mic Reaction 2.1 requires heat and electricity to convert 𝐻 𝑂 into 𝐻 and 𝑂 . Different electrolyzers
are available, where current density, (future) capital costs, gas purity, respond rate and dynamic range
are parameters to take into account. Table 2.1 shows the specification for the most used type of elec-
trolyzers, AEC, PEM, SOEC and AEM. From which AEM is not a commercial option yet, since more
research is required [88].

Because renewable energy will meet the electricity supply, an electrolyzer has to operate under
varying conditions. AEC and PEM can lower their production to approximately 10%, while SOEC re-
quires at least 30%. Together with a high capital cost, high operating temperature and smaller stack
lifetime makes SOEC less attractive than AEC and PEM.

Both, AEC and PEM, have similar operating conditions, although AEC has a higher production rate,
longer stack lifetime and slightly lower capital cost. On the other hand, PEM can operate below 10%
of nominal production and reaches a faster respond rate.

To conclude, PEM electrolyzer has an advantage over the AEC electrolyzer because a lower dy-
namic range in combination with fast respond rate is advantageous with intermittent electricity supply.
Therefore the PEM electrolyzer will be applied in this study.

Schematic electrolyzer
Modelling an electrolyzer in Aspen Plus is a combination of multiple operation blocks (Figure 3.2). At
first, a 𝐻 𝑂 feedstream at atmospheric pressure and 22∘𝐶 will increase to operating pressure (25 bar)
through a pump PUMP-H2O, where all pumps have an efficiency of 75%. A pressure of 25 bar is chosen
because the FT-reactor downstream operates between 20-25 bar. It is therefore convenient to maintain
the same pressure throughout the system to optimise the energy balance. A Fortran calculator block
H2O-IN determines the desired 𝐻 𝑂 feedstream H2OIN, based on the 𝐻 𝑂 recycle streams. Fortran is
a programming language especially suited to numeric computation and scientific computing.

Recycled 𝐻 𝑂 is mixed with the feedstream in MIX-H2O and send to the first heat exchanger HX1-
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PEM and thereafter to a second heat exchanger HX2-PEM. These heat exchangers increase the inlet
temperature and decrease the outlet temperature of the electrolyzer to optimise the energy balance. A
RGibbs PEMREA simulates the membrane, where Reaction 2.1 takes place. The chemical equilibrium
is restricted to a predefined molar outflow, depending on the scenario.

The outflow contains a mixture of predominantly 𝐻 𝑂, 𝑂 and 𝐻 , while in reality 𝑂 and 𝐻 will
never collide in an electrolyzer. A separator H2O2-SEP will perfectly separate the 𝑂 from 𝐻 , where
unreacted 𝐻 𝑂 is evenly distributed between both outlets. The outlet containing 𝑂 will flow through
HX1-PEM to a flash separator O2H2O-FL. Similarly, 𝐻 outlet stream passes through HX2-PEM and
be fed to a flash separator H2H2O-FL. Both flash separators separate 𝐻 𝑂 from 𝑂 or 𝐻 , after which
the 𝐻 𝑂 stream is recycled. No purge stream is necessary since inerts can not accumulate in the
electrolyzer. A pressure drop will take place inside the heat exchangers, even as other heat exchangers
in the model. Pressure drops in HXs depend on the stream pressure, Δ𝑃 = 0.5 bar for p>30 bar,
Δ𝑃 = 0.3 bar for 10>p<30, Δ𝑃 = 0.2 bar for p<10 bar [124].

Produced oxygen will function as gasifying medium in the biomass gasifier. In reality, an oxygen
storage tank will capture the 𝑂 and feed it to the gasifier when necessary. But since Aspen Plus is a
steady state program, storage is not included in the model.

Required electricity for the stack is calculated in an external file and will not be integrated in the
Aspen Plus model.

Figure 3.2: Schematic of the PEM electrolyzer developed in Aspen Plus

3.2.2. RWGS reactor
CO is besides 𝐻 the other building block for synthesis gas. CO will be produced according to Reaction
2.4, where the required 𝐶𝑂 is obtained from the DAC plant. The modelling of the DAC unit is beyond
the scope of this study and hence not included in the Aspen Plus model. Economical and technical
parameters required for mass and energy balances as well as cost analysis will be retrieved from
literature data. The 𝐶𝑂 feedstream will arrive in the system with operating conditions similar as the
DAC outlet mentioned in Table 2.2.

High temperatures, 800−900∘𝐶, are usually required to obtain a high 𝐶𝑂 conversion. Same conver-
sion rates can occur at lower temperatures, around 450∘𝐶, by making use of a catalyst. Copper-based
catalyst show high stability under high 𝐶𝑂 concentrations and the performance can be improved by
variations of copper-catalysts. Elsernagawy et al. [41] conducted an extensive research on the reverse
water-gas shift process and choose the copper-based catalyst (𝐶𝑢 −𝑍𝑛𝑂/𝐴𝑙 𝑂 ) for the reactor. Opti-
mal 𝐶𝑂 selectivity and 𝐶𝑂 conversion of 94.7% was reported for a setup with 𝐻 /𝐶𝑂 ratio of 3:1 and
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operating at 10 bar and 450∘𝐶. Increased pressure resulted in slightly lower conversion rates (91-94%),
same holds for lower temperatures.

Schematic RWGS
The RWGS is modelled as RGIBBS reactor operating at 25 bar, equal to the pressures from up- and
downstream equipment. Temperature is maintained at 450∘𝐶, increasing the temperature to 500∘𝐶
leads to insignificant increase of conversion. 𝐶𝑂 is obtained from the DAC unit and enters the model
at a temperature of 100∘𝐶 and 0.2 bar, as shown in Table 2.2. A multistage compressor DAC-MCOM
will increase the pressure to 25 bar, equivalent to the pressures of RWGS and SMR respectively. It
contains 5 stages with a cooler placed on the first stage and a specified outlet temperature of 100∘𝐶
[78]. The resulting pressurized 𝐶𝑂 stream is split in DAC-SPL before it continues to the two reactors.

𝐻 enters the RWGSdirectly after it is produced in the electrolyzer. A Fortran subroutine RWGSCALC
regulates the inlet flows to reach the desired 𝐻 /𝐶𝑂 ratio of 3:1. In addition, a 𝐶𝑂 conversion of 91.7%
(obtained from [41]) is assumed for the RWGS Reaction 2.4.

The product stream contains besides syngas also a large 𝐻 𝑂 fraction. 𝐻 𝑂 can result in unaccept-
able catalyst deactivation in the Fischer-Tropsch reactor and should therefore be separated from the
stream. A Flash separator RWGS-FLS operating at 25 bar and 75∘𝐶 separates 95% of 𝐻 𝑂 from the
stream. The resulting streamwill bemixed in FT-MIX with the syngas streams from biomass gasification
and the SMR before fed to the FT reactor.

3.2.3. FT reactor
The FT process is an essential part of this study. Syngas is converted into an intermediate product for
liquid fuels, known as syncrude. Paraffins are preferred for kerosene production, hence LTFT is chosen
due to higher paraffin production than HTFT [110]. The syncrude composition after the FT reactor can
be found in Table 2.3. Carbon number distribution for paraffins and olefins is determined according
to Reaction 2.13 from ASF. Typical 𝛼-values for synthetic fuel production are 0.70-0.90. For optimal
kerosene production Tijmensen et al. [124] reported an 𝛼 of 0.85.

Adding the right catalyst is important to reach a high performance. Ru, Ni, 𝑇ℎ𝑂 , Fe and Co are
the best known catalyst (carriers), from which Fe and Co are the only industrially applied. Fe-based
catalysts offers high activity, low cost, easy access and flexible operating conditions for high and low
temperature.

Co-based catalysts are more relevant for middle distillate and heavy waxes production. Mainly
paraffins are producedwith small fractions of alcohols and olefins. Thismakes Co-based catalystsmore
attractive for kerosene production. To take into account, Co-based catalyst show best performance in
𝐻 rich syngas (𝐻 /𝐶𝑂) = 2 and are best suited for less severe conditions. Therefore gas cleaning,
especially from biomass gasification, becomes more necessary. At last, cobalt-catalysts are applied in
the most relevant FT plants of today by Sasol and Shell [110].

Four types of reactors are described in Section 2.2.3, from which multi-tubular fixed bed and fixed
slurry bed are the only possible options for LTFT. A multi-tubular fixed bed reactor offers a maximum
production of roughly 3000-4500 barrels per day, but faces a high pressure drop in large reactors.
Fixed slurry phase reactors on the other hand are much easier to fabricate and causes a lower pres-
sure drop. But above all, slurry bed offers a 25% higher cost efficiency and can reach a total production
of 20.000 barrels per day [40]. To conclude, slurry phase reactor has significant process and economic
advantages over fixed bed reactor and is therefore more attractive to implement in this model.

Schematic FT reactor
The reactor block to model the FT reactor in Aspen Plus is a stoichimetric reactor FT-REAC (Figure 3.3).
Temperature inside the reactor is assumed to maintain at 230∘𝐶 with a pressure of 25 bar. One reaction
for every syncrude component is added to the FT-REAC, where an external Excel file calculates the
fractional conversion of 𝐶𝑂 for each reaction. Highest yield is achieved for syngas conversion of 80%
[93], so only 80% of the incoming 𝐶𝑂 will be converted. Table 3.1 compares the syncrude composition
of the Aspen Plus model with literature data.

The property method Redlich-Kwong-Soave (RKS) is applied for the FT reactor. LTFT process
produces hydrocarbon mixtures and light chemical species that involves vapour-liquid multi-component
stream [110].
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Figure 3.3: Schematic of the FT reactor with steam production developed in Aspen Plus

Table 3.1: Syncrude components for Aspen Plus model in mass %

Fraction Components Literature [110] Aspen Plus model
Paraffins C − 𝐶 (𝐶 𝐻 ) Major product 72.1%
Olefins C − 𝐶 (𝐶 𝐻 ) >10% 11.3%
Oxygenates CH 𝑂, 𝐶𝐻 𝑂𝐻 5-15% 14.6%
Aromatics Benzene, Toluene, Xylene <1% 0.6%
Naphthenes Cyclopentane, Cyclohexane >1% 1.4%

A valve right after the FT reactor simulates the pressure drop of 5 bar [124] taking place inside
the FT reactor, since there is no option to model the pressure drop inside the RStoic. The exothermic
reactions of the FT process produce significant amounts of heat. Water, separated from the syncrude in
a FT-FLASH, will utilise the heat to vaporize. A heat exchanger HXFT increases the water temperature
to 225∘𝐶 to make it directly suitable for the gasifier and SMR.

Besides water, FT-FLASH separates tail gas and liquid hydrocarbons. Tail gas comprises of unre-
acted syngas and small hydrocarbons (𝐶 − 𝐶 ) destined for SMR and subsequently recycling.

3.2.4. Steam methane reforming
Steam methane reforming (SMR) is predominantly used for hydrogen production by fossil fuels. Small
hydrocarbons react into 𝐶𝑂, 𝐻 and 𝐶𝑂 with presence of steam. SMR plants usually operate at 20-30
bar, for economic reasons, and a temperature of 820 − 880∘𝐶. The pressure is a trade-off between
conversion and volumetric productivity. A nickel-based catalyst, 𝑁𝑖/𝐴𝑙 𝑂 , is employed to activate the
reforming reactions. Main reactions taking place in the SMR can be found below.

𝐶 𝐻 + 𝑛𝐻 𝑂 −→ 𝑛𝐶𝑂 + (2𝑛 + 1)𝐻 (3.4)

𝐶𝑂 + 𝐻 𝑂 ↔ 𝐶𝑂 + 𝐻 (3.5)

𝐶𝑂 + 3𝐻 ↔ 𝐶𝐻 + 𝐻 𝑂 (3.6)

A hydrogen rich outlet stream with 𝐻 ∶ 𝐶𝑂 ratio of 5:1 is typical. This can be reduced by lowering
the steam to methane ratio or co-feeding 𝐶𝑂 to obtain an acceptable𝐻 ∶ 𝐶𝑂 ratio for FT synthesis [64].
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Figure 3.4: Schematic of the SMR process developed in Aspen Plus

Schematic Steam Methane Reformer
A first flash separator FT-FLASH removes the highest fraction of low hydrocarbons and unreacted
syngas. Further downstream a second flash separator FT-FLAS2 is installed to decrease pressure to
atmospheric for the distillation process. Here, most residual small hydrocarbons are separated from
the stream heading to the distillation column.

The two streams C1-C5GAS and C1-C5 are pressurized to the SMR operating pressure of 25 bar,
similar to FT reactor and most other blocks in the system, by a compressor SMRCOMP with an ef-
ficiency of 75%. A heater SMR-HTR will increase the inlet temperature of the reactor. Normal inlet
temperatures range between 540 − 580∘𝐶, while outlet temperatures are 820 − 880∘𝐶. The heater
increases the temperature to 560∘𝐶, before entering the SMR reactor.

A REquil reactor SMR in Aspen plus simulates the SMR reactor. Here, all reactions reach equilib-
rium by solving stoichiometric chemical and phase equilibrium equations. This will result in total conver-
sion of hydrocarbons, where average conversion rates for SMR plants lie between 74% and 85% [100].
To simulate a lower conversion rate, 20% of the inlet stream is split in SMR-SPL2 before the reactor
and mixed (SMR-MIX2) thereafter and represents the fraction that usually does not convert. Saturated
steam enters the reactor at 25 bar with saturation temperature 225∘𝐶 and a steam-to-methane ratio
of 2-3. The high operating temperature and outlet temperature is 850∘𝐶. 𝐶𝑂 , produced by the DAC
plant, can be co-fed to decrease 𝐻 /𝐶𝑂 ratio to match FT plant requirements.

3.2.5. Distillation
Distillation is the final process step to obtain synthetic kerosene. A distillation column is used to retrieve
the different fractions. Main focus of this research is kerosene (𝐶 − 𝐶 ), but useful side products like
gasoline (𝐶 − 𝐶 ) and diesel (𝐶 − 𝐶 ) are also obtained. Waxes (𝐶 ) consist of the heaviest
hydrocarbons and can be used for common applications such as candles or lubrication. But another
alternative is to hydrocrack waxes into smaller hydrocarbons.

Hydrocracking is subdivided in thermal and catalytic cracking. Thermal hydrocracking requires high
temperature and pressure causing it to be highly energy intensive and need specialized machinery [92].
Catalytic cracking on the other hand takes place at relatively low pressure. The hydrotreater in this
study is based on a study of Leckel [68], who investigated the Sasol catalyzed hydrocracker. Different
configuratios regarding the pressure, hydrogen/wax ratio and temperature were investigated. Accordig
to this study, it can be concluded that the optimal conditions for kerosene production are 35 bar and
360∘𝐶 with a𝐻 /𝑤𝑎𝑥 ratio of 1500/1 𝐿 /𝐿. A lower𝐻 /𝑤𝑎𝑥 ratio will only decrease the 𝐶 conversion.
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Figure 3.5: Schematic of the distillation process with hydrocracker developed in Aspen Plus

Schematic distillation
The distillation column is split into three separate DSTWU columns in the Aspen Plus model as shown in
Figure 3.5. A DSTWU column performs shortcut design calculations with a partial or total condenser for
two-product distillation or single-feed. A mixer MIX-DIST mixes the hydrocarbons from the FT reactor
with the product stream from the hydrocracker.

DIST1 is the first column splitting the stream at 𝐶 , resulting in a bottom stream of diesel and waxes
while gasoline and kerosene leave on top. Kerosene is the bottom product of the second column
DIST21, where gasoline is the top product. At last, the third column separates heavy waxes from
diesel by splitting the stream at 𝐶 (DIST22). Each outlet stream is redirected to a cooler (COOL-
GAS, COOL-KER, COOL-DIE and COOL-WAX) to meet atmospheric temperature of 15∘𝐶 for storage.

Specifications of the three mentioned columns can be found in Table 3.2. Recovery rates of the
distillation columns are optimised to obtain densities that approaches the fuel specifications. Densities
found in this model are slightly lower than required [64]. Chiefly because aromatic content is low for
kerosene produced by this method. Aromatics are allowed up to 25 vol.% (Table 1.1) and have higher
density than observed for kerosene in this model. Hence, a higher aromatic content will increase
the kerosene density such that it meets the specifications. This problem will easily be resolved after
blending with conventional kerosene.

Table 3.2: Specifications for distillation columns in Aspen Plus model

DIST 1 DIST21 DIST22
Reflux ratio 2 3 3.8
Condenser Pressure (bar) 1.2 1.2 1.2
Reboiler Pressure (bar) 1.3 1.3 1.3

Top outlet temperature (∘𝐶) 117 77 335
Bottom outlet temperature (∘𝐶) 364 226 419

Waxes are redirected to an iron-catalyzed hydrocracker through a splitter WAXSPL. To avoid ac-
cumulation of unfavorable components, a fraction of the wax stream is separated, but can be used
as useful by-product. Hydrogen required for the cracking process is derived from the electrolyzer,
and pressurized in a compressor HYDR-COM to operating pressure of the hydrocracker. A RYield
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HYDROCR simulates the hydrocracker, operating at equal temperature and pressure as Sasol hy-
drocracker (35 bar, 360∘𝐶). Mass yields within the model can be found in Table 2.9, assuming a wax
conversion of 84 wt.%. The hydrotreater is modelled relatively easy and it is recommended to do further
research to optimise the hydrotreater, but this is beyond the scope of this research study.

3.2.6. Biomass gasification
The second option for syngas production, besides electrolysis, starts with the biomass gasifier. A great
variety from types of biomass can be used as feedstock for gasification. This research will use wood
pellets as feedstock, predominantly for the modern and future availability of this source, as discussed
in 2.1.5. In addition, wood pellets are dense, easy to transport and have a low moisture content. The
proximate and ultimate analysis of the wood pellets is shown in Table 2.7. Moisture content is only
8.7% which means that the pre-processing step drying is not necessarily required.

Chapter 2.3 elaborately discussed the different types of gasifiers and the commercially available
gasifiers. This research will make use of an autothermal fluidized bed gasifier which can operate with
flexible load and pressurized conditions. A brief literature study was needed to find relevant data for
such a plant that utilises oxygen and steam as fluidizing medium. A demonstration plant in Hawaii
developed by the Institute of Gas Technology (IGT) has done a thorough study on their gasifier [126].
From their 12 ton-per-day process development unit (PDU) was validation data available and the tech-
nical specifications of the plant. This study will model the gasifier as the IGT such that results can be
validated with the IGT gasifier located in Hawaii.

Sand is integrated in the model although it does not react with any component. But sand contributes
to a large fraction normally in a fluidized bed gasifier and consequently has a significant effect on the
product gas composition. Therefore, if sand would not be included the product flow is different and will
not meet the original data from the IGT plant [126].

Peng-Robinson EoS is applied in the Aspen Plus model of the gasifier, while DCOALIGT and
HCOALGEN (a property model for non-conventional components) are used to calculate the density
and enthalpy of the non-conventional components. A gasifier is in reality one reactor, but in Aspen
Plus usually modelled as multiple different operation blocks. This model will decouple the gasifier into
four different reactors. The four reactors can be explained by the three zones shown in Figure 3.6:
pyrolysis, oxidation and reduction. The fourth reactor is placed after the pyrolysis zone to let the inerts
react.

Figure 3.6: Overview of the gasifier model, where the fluidizing medium air is replaced by steam and oxygen [95]

Schematic biomass gasification
A schematic of the Aspen Plus model developed is shown in Figure 3.7. The wood pellets are fed to
the first reactor in stream Biomass. Wood pellets are modelled as non-conventional solid according to
the composition mentioned in Table 2.7. Pyrolysis is the first zone, modelled in a RYield reactor block
PYROL. A RYield is used when the molar or mass yield is known for the products of the reactants. The
product is calculated according to correlations shown in Table 3.5 which calculates the mass yields,
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results hereof can be found in Appendix C. L. Abdelouahed et al. quantified the results of a study
into an empirical correlation where the bed material is the only variable [10]. This model assumes the
temperature of the bed material constant and equal to the gasifier temperature which is 911∘𝐶, but it
is recommended to include temperature fluctuations in further studies. The temperature is well within
the range in which the empirical experiment has been performed (700 − 1000∘𝐶). An external Excel
subroutine will calculate the mass yields after which the yields are entered in the RYield block in Aspen
Plus. Char mass yields are then calculated to achieve mole balance and mass balance based on the
pyrolysis product. For simplification, char is assumed to be pure carbon (graphite). The method for
determining this pyrolysis product is equal to Sridharan [116] his Aspen Plus gasifier model.

The pyrolysis product then enters a RStoic INERTREA, a stoichiometric reactor in Aspen Plus.
Here, nitrogen and sulfur reacts into 𝑁𝐻 and 𝐻 𝑆. The reactor is assumed to be adiabatic, heat pro-
duced by the reactions is absorbed by the stream to simulate an actual gasifier. These components do
not react further in the reactor and are therefore separated in a separator block INERTSEP from the
main stream and will re-enter the product stream after the last gasifier reactor block.

Table 3.3: Main input parameters for the Aspen Plus gasifier block

Parameter Value
Gasifier temperature 911∘𝐶
Gasifier pressure 25 bar
Biomass inlet pressure and temp. 1 bar and 25∘𝐶
Moisture content biomass 8.7%
ER -
Oxygen inlet pressure and temp. 25 bar and 300∘𝐶
SBR -
Steam inlet pressure and temp. 25 bar and 220-230∘𝐶
Bed material flow rate [kg/h] 1.1x Biomass input

Depends on scenario

Schematic oxidation zone
A first RPlug reactor block PLUG1 simulates the oxidation zone of the gasifier. The steam and oxygen
is entering the gasifier in this reactor with a SBR and ER ratio as shown in Table 3.3. Oxygen comes
from the electrolyzer where pure oxygen is produced during 𝐻 production, but it is first stored in an
oxygen storage. The high quality steam is produced with heat from the FT reactor. Steam at a pressure
of 25 bar has to reach a temperature between 220 and 230∘𝐶 to saturate.

An inert bed material sand (siliciumoxide) is added to the stream. In direct gasification the tempera-
ture of the bed material is a key parameter. Most reactions taking place in the gasifier are endothermic
and the bed temperature will be used to optimize the producer gas quality [95]. Reactor dimensions
are retrieved from the 11 ton-per-day IGT plant in Hawaii and can be found in Table 3.4. For every
oxidation reaction taking place in the oxidation zone the reaction kinetics can be found in Table 3.6.
The reaction temperature is maintained at 911∘𝐶 which is equal to the IGT gasifier.

Table 3.4: IGT gasifier design specifications [126]

Parameter Value
Height [m] 7.32
Diameter [m] 0.29
Volume [m ] 0.49
Volume RPlug [m ] 0.25
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Figure 3.7: Schematic of the fluidized bed gasifier developed in Aspen Plus

Schematic reduction zone
Finally, a second RPlug reactor block PLUG2 simulates the reduction zone above the oxidation zone.
The reactions taking place in this reactor can also be found in Table 3.6. Now, all reactions taking place
inside a gasifier have been modelled, the inert stream with 𝑁𝐻 and 𝐻 𝑆 joins the resulting stream of
PLUG2 in MIXINERG. The sand as bed material will be separated from the stream and recycled to the
inlet of the oxidation zone.

Table 3.5: Correlations for the pyrolysis process in the gasifier. Mass yields are calculated by
with T in Kelvin [10].

Product a (10 ) b (10 ) c
CH -4.341 10.12 -51.08
H 1.362 -2.517 12.19
CO -3.524 9.770 -24.93
CO 3.958 -9.126 64.02
C 𝐻 -6.873 14.94 -76.89
C 𝐻 0.8265 -2.105 13.38
C 𝐻 -3.134 7.544 -42.72
C 𝐻 -0.4539 0.687 1.462
C 𝐻 𝑂 1.508 -3.662 22.19
C 𝐻 -0.8548 1.882 -9.851
H 𝑂 5.157 11.86 84.91
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Table 3.6: Reaction kinetics considered in the gasification model

Reactor Reaction Kinetics [kmol/m ∗ 𝑠] Source

PLUG1 R2/R3 r = 1.426*10 𝑒𝑥𝑝(−59.9(𝑘𝐽/𝑚𝑜𝑙)𝑅𝑇 )[𝑂 ]𝑓 [91]
f=3

R6 r = 5.62*10 𝑒𝑥𝑝(−133(𝑘𝐽/𝑚𝑜𝑙)𝑅𝑇 )[𝐶𝑂][𝑂 ] . [131]

R7 r = 5.159*10 𝑇 . 𝑒𝑥𝑝(−28.519(𝑘𝐽/𝑚𝑜𝑙)𝑅𝑇 )[𝐻 ] . [𝑂 ] [101]

POmeth r=1.58*10 𝑒𝑥𝑝(−202(𝑘𝐽/𝑚𝑜𝑙)𝑅𝑇 )[𝐶𝐻 ] . [𝑂 ] . [48] [95]

PObenz r=2.40*10 𝑇 . 𝑒𝑥𝑝(−126(𝑘𝐽/𝑚𝑜𝑙)𝑅𝑇 )[𝑂 ] . [48] [95]

POphen r=0.655T exp(-
80.2(𝑘𝐽/𝑚𝑜𝑙)

𝑅𝑇 )[C 𝐻 𝑂] . [O ] [48] [95]

PLUG2 R4 r=1.05*10 𝑒𝑥𝑝(−135(𝑘𝐽/𝑚𝑜𝑙)𝑅𝑇 )[𝐶] [48] [95]

R5 r=200exp(-
49.9(𝑘𝐽/𝑚𝑜𝑙)

𝑅𝑇 )[𝐶][H 𝑂] [48] [95]

R8 r=0.278exp(-12.6 (kJ/mol)/(RT))*[CO][H 𝑂] − [𝐶𝑂 ][𝐻 ]
𝑘 [95]

k = 0.022𝑒𝑥𝑝(34.730𝑅𝑇 )

R9 r=3*10 𝑒𝑥𝑝(−125(𝑘𝐽/𝑚𝑜𝑙)𝑅𝑇 )[𝐶𝐻 ][𝐻 𝑂] [48] [95]

Benzene r=21.11exp(-
61(𝑘𝐽/𝑚𝑜𝑙)

𝑅𝑇 )𝑚𝑉 [C 𝐻 ] [10]

Toluene r=21.11exp(-
61(𝑘𝐽/𝑚𝑜𝑙)

𝑅𝑇 )𝑚𝑉 [C 𝐻 ] [10]

Phenol r=95798exp(-
79(𝑘𝐽/𝑚𝑜𝑙)

𝑅𝑇 )[C 𝐻 𝑂] [10]

Naphthalene r=21.11exp(-
61(𝑘𝐽/𝑚𝑜𝑙)

𝑅𝑇 )𝑚𝑉 [C 𝐻 ] [10]

3.2.7. OLGA tar removal
The produced raw syngas is solely for the production of synthetic fuels via the Fischer-Tropsch pro-
cess. A FT reactor requires an input with a low amount of contaminants. In Section 2.3.2 and Table
2.8 all relevant and present contaminants have been discussed. Two processing steps are introduced
to clean the syngas and meet the stoichiometric feed ratio. Other mandatory gas conditioning steps
are not modelled in Aspen Plus, but will be added in the cost analysis. This section will focus on the
tar removal process, next section will focus on 𝐻 𝑆/𝐶𝑂 removal.

As discussed in Section 2.3.2, tars can cause damage to catalysts downstream and lower the syn-
gas quality. Tar removal is therefore an essential part of the syngas cleaning. Several methods have
been introduced, for instance thermal decomposition and water or oil scrubbing. Thermal decomposi-
tion operates at high temperatures (> 1100∘𝐶) and hence require high energy demands. Water scrub-
bing is a cold gas cleaning technology where tar compounds are directly absorbed in water. However,
a challenging waste water cleaning is necessary for streams containing toxic tar compounds [114]. An
oil scrubber on the other hand can reach high tar removal efficiencies. Vegetable oil, canola oil or even
fossil oil are suitable as oil compound in the oil scrubber.

ECN patented an oil-based washer, named OLGA, to remove tar. Besides tar also a fraction of 𝐻 𝑆
is removed. The oil removal method used in this study is based on this OLGA concept. But the OLGA
concept is designed to operate at atmospheric pressure while this study uses a pressurized column
for absorption [21]. Using a pressurized absorber over an atmospheric absorber has a similar reason
as the gasifier, because the FT reactor is also pressurized. The inlet temperature of the syngas is just
above the tar dew-point, which is the point where the tar in the syngas condenses. Condensed tars



3.2. Model setup 41

can cause corrosion and deposition downstream.

The oil scrubber in this study will make use of methyl-oleate, the biggest fraction of biodiesel and
used in similar studies [116] [117]. A suitable phase equilibrium model is important for optimal per-
formance of the scrubber. Srinivas et al. [117] compared several equilibrium models to obtain an
appropriate liquid-liquid equilibrium (LLE) model. Non-random two-liquid (NRTL) and universal qua-
sichemical (UNIQUAC) functional-group activity coefficients (UNIFAC) both show satisfactory results.
The components used in this model are similar as the study of Srinivas et al. [117] hence NRTL will be
the property method used in this oil scrubber. Missing binary interaction parameters were estimated
using the UNIFAC method.

Figure 3.8: Schematic of tar removal process developed in Aspen Plus

Schematic OLGA tar removal
The oil scrubber consists of an absorber to absorb the tar followed by a stripper that separates the oil
from the tar, after which the oil will be recycled (Figure 3.8). RADFRAC columns from Aspen Plus will
simulate the absorption and stripping column of the oil scrubber. A RADFRAC column is a rigorous
model for simulating all types of multistage separations.

The ABSORBER and STRIPPER simulate the absorption and stripper column respectively. Oil is
fed to the top stage of the column and the syngas at the bottom, operating conditions for the flows can
be found in Table 3.7. No condenser or reboiler is present in any of the two columns. The absorber
operates at a pressure of 25 bar (Table 3.8), similar to the gasifier and FT reactor. Over 99% of tar
is removed from the syngas stream including a small amount of 𝐻 𝑆 and 𝑁𝐻 . The bottom stream is
fed to a flash FL-OLGA to decrease pressure to the stripper operating pressure, atmospheric. A heat
exchanger HX-OLGA followed by a heater HT-OLGA increases the temperature of the stripper feed
stream to 190∘𝐶 and decreases the recycled oil temperature. The stripper temperature will be lower
than the boil temperature of oil to avoid significant oil losses. Preheated air works as stripping agent
in the stripper. Air is heated by HXSYN placed after the gasifier, where the product stream reaches a
high temperature.

Table 3.7: Flow conditions and tar content for tar removal process

Raw syngas Sweet syngas Oil Air
Temperature [∘𝐶] 120 85 82 78
Pressure [bar] 25 25 1 1
Tar content [mg/N ] 7.6*10 0.32
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Most oil ends in the stripper bottom stream, but a small fraction leaves on top as scrubbing liquid
loss. Common losses lie between 4% and 9% [116], this model loses 4-6% of scrubbing oil with an
air/raw syngas ratio of 1. A Fortran code will calculate the required new oil to maintain a constant
oil feed to the absorber. The splitter SPL-OLGA splits off a small fraction of the recycled oil to avoid
accumulation of unwanted compounds. Optional an additional column can be integrated to separate
the heavy tars from the light tars.

Table 3.8: Column specifications for tar removal process

Absorber Stripper
Number of stages 13 10
Pressure [bar] 25 1
Condenser No No
Reboiler No No

3.2.8. Hydrogen sulfide (𝐻 𝑆) and 𝐶𝑂 removal
Biomass is relatively free from sulphur, but small fractions of sulphur can already cause catalyst poi-
soning and corrode metal surfaces. Fischer-Tropsch process requires a syngas stream containing less
than < 0.01𝑚𝑔/𝑚 of sulphur compounds, 𝐻 𝑆 in this model [114]. On the other hand, 𝐶𝑂 contributes
to a large fraction of the raw syngas. Although 𝐶𝑂 is not mentioned in Table 2.8, a high 𝐶𝑂 content
does influence the FT-process. Less 𝐶𝑂 will increase the selectivity for 𝐶 and hence is advantageous
for kerosene production.

It might be beneficial to remove 𝐻 𝑆 and 𝐶𝑂 separately from the raw syngas stream. But 𝐶𝑂 −𝐻 𝑆
separation is difficult due to low relative volatility of 𝐶𝑂 and 𝐻 𝑆 at high 𝐶𝑂 concentrations. Reaching
the desired separation will require huge columns and comes with high energy demands [50]. A study
of Tijmensen et al. [124], where FT-liquids have been produced by biomass gasification, found out that
𝐶𝑂 removal adds more than 10% to the total capital costs.

As discussed in Section 2.3.2, finding the appropriate method depends on the partial pressure of
the acid gas in the feed and product stream. Both streams have a high partial pressure resulting in a
physical solvent method. An amine based scrubber has also been investigated and can be found in
Appendix E. But a physical solvent method is more appropriate for this system.

High𝐻 𝑆 and 𝐶𝑂 removal efficiency can be achieved using Rectisol, making use of chilledmethanol.
The Rectisol process can produce high quality syngas, operate flexible and makes use of inexpensive
and easily available solvent which makes Rectisol an attractive method [102]. As can be seen in Ap-
pendix A, chilled methanol reaches high relative solubilities for these components.

Schematic 𝐻 𝑆/𝐶𝑂 removal
Model setup for the removal process of 𝐻 𝑆 and 𝐶𝑂 is comparable to the tar removal process. A first
column, ABS-H2S, represents the absorber where syngas is fed at the bottom and chilled methanol
on top (Figure 3.9). The syngas stream coming from the tar removal process is cooled to −20∘𝐶, at a
pressure of 36 bar. Chilled methanol enters at atmospheric pressure and −3∘𝐶, in a methanol/syngas
ratio of 2.9. A high operating pressure of 40 bar is maintained to reach high removal efficiency, which
is discussed in Section 3.3.3 during validation.

Before the stripper column, three consecutive flash separators separate a large fraction of 𝐶𝑂 and
𝐻 𝑆 from the methanol. When only the stripper was placed for separation, high methanol losses were
observed. In a flash separator, gasses leave on top and the liquid stream at the bottom. FL-1, FL-2 and
FL-3 represent the flashes, where temperature and pressure decreases (𝐹𝐿−1 = 75∘𝐶 𝑎𝑛𝑑 20 𝑏𝑎𝑟, 𝐹𝐿−
2 = 50∘𝐶 𝑎𝑛𝑑 10 𝑏𝑎𝑟, 𝐹𝐿 − 3 = 35∘𝐶 𝑎𝑛𝑑 5 𝑏𝑎𝑟) in each flash separator. Approximately 80% 𝐶𝑂 and
35% 𝐻 𝑆 is separated within these flashes, the residual fraction is removed by a stripper STR-H2S.
Column specifications for the stripper, as well as absorber, can be found in Table 3.9.
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Table 3.9: Column specifications for / removal process

Absorber Stripper
Number of stages 16 28
Pressure [bar] 40 1
Condenser No No
Reboiler No Yes (Kettle)
Distillate to feed ratio (mass) 0.1

A splitter MEOHPURG separates a small fraction of the liquid bottom stream from the stripper to
avoid accumulation of unfavorable components. The largest fraction is send to a cooler MEOH-CLR
to meet the inlet temperature of −3∘𝐶 for the absorber. A mixer MEOHMIX combines the recycled
methanol stream with new methanol to meet the methanol/syngas ratio. Required new methanol is
calculated according to a Fortran block. Product stream composition, even as syngas feedstream, of
the absorber is shown in Table 3.10.

Table 3.10: Mole fractions of the present components before and after the absorber

Raw syngas Pure syngas
𝐻 𝑂 0.02 0
𝐶𝑂 0.38 0.09
𝐻 0.41 0.63
𝐶𝑂 0.19 0.29
𝐻 𝑆 3800 mg/Nm <0.1 mg/Nm
𝑁𝐻 13070 mg/Nm <0.1 mg/Nm
Temperature [∘𝐶] -20 -1
Pressure [bar] 36 40

Figure 3.9: Schematic of / removal process developed in Aspen Plus.
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3.3. Model validation
3.3.1. Fluidized bed gasifier
Experimental data from the IGT gasifier is not widely available for a pressurized gasifier with steam/oxygen
as gasifying agent. But Tijmensen et al. [124] and Han et al. [53] has reported results for a biomass
driven direct heated IGT gasifier. The parameters of the different experiments had been entered into
the Aspen Plus model to obtain similar results. Table 3.11 shows the comparison between the Aspen
Plus model and the experiments from literature. The sum squared deviation method was used to esti-
mate the accuracy of simulation results.

𝑅𝑆𝑆 =∑(𝑥 , − 𝑥 ,𝑥 ,
) (3.7)

𝑀𝑅𝑆𝑆 = 𝑅𝑆𝑆
𝑁 (3.8)

𝑀𝑒𝑎𝑛 𝑒𝑟𝑟𝑜𝑟 = √𝑀𝑅𝑆𝑆 (3.9)

An average error of 0.21 is calculated for the three different setups from IGT gasifier. The largest
proportional deviation is the 𝐶𝐻 concentration. This Aspen Plus model does not contain 𝐶𝐻 in the
product stream of the gasifier, while the experiments show small fractions of 𝐶𝐻 . Zero 𝐶𝐻 is usually
predicted above 800∘𝐶 in equilibrium modeling. The underestimation can be explained by the differ-
ence between an ideal reactor at chemical equilibrium and a real gasifier [53]. The lower LHV can
also be explained by the absence of methane. Same holds for 𝐻 concentration, a study reported an
overestimation of 𝐻 concentration for chemical equilibrium simulation when compared to experimental
results [95]. IGT.2 shows this behavior where 𝐻 , as well as 𝐶𝑂, is overestimated due to absence of
𝐶𝐻 . Which is in agreement with the reaction containing 𝐶𝐻4, R9.

Table 3.11: Gasifier validation for IGT gasifier, with present component fractions

Component IGT.1 [52] Model 1 IGT.2 [124] Model 2 IGT.3 [124] Model 3
T=920∘𝐶, P=25 bar, T=968∘𝐶, P=20.3 bar, T=982∘𝐶, P=34 bar,
ER=0.38, SBR=0.8 ER=0.3, SBR=0.6 ER=0.3, SBR=0.34

H 0.240 0.200 0.157 0.220 0.208 0.267
CO 0.115 0.113 0.078 0.123 0.150 0.142
CH 0.005 0.000 0.057 0.000 0.082 0.000
CO 0.160 0.170 0.177 0.169 0.239 0.203
H 𝑂 0.480 0.518 0.506 0.487 0.318 0.385
LHV [𝑀𝐽/𝑁𝑚 ] 8.11 7.42 10.06 7.67 10.72 7.62
Mean error 0.10 0.35 0.19
Mean error 0.46 0.55 0.48

According to Table 3.11, it can be concluded that the simulating results are in good agreement
with the experimental data. Since no data is available for sensitivity analyses of pressure, tempera-
ture, steam-to-biomass ratio and equivalence ratio, trendlines will be interpreted for the performance of
wood pellet gasification. This alternative validation method has been used in previous simulation works
where experimental results were hardly available [80] [87]. Temperature, steam-to-biomass ratio and
equivalence ratio will be varied to validate the gasifier behavior.
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Temperature
Temperature is varied between 750 and 1050∘𝐶 for obtaining the gas composition shown in Figure
3.10.

The trend can be described according to Le Chatelier’s principle in gas-phase systems. Chemical
equilibrium will shift towards the reactants for exothermic reactions and opposite happens with en-
dothermic reactions, equilibrium shifts to products. Boudouard (R4), 𝐻 𝑂 gasification (R5) and steam
methane reforming (R9) are the present endothermic reactions, favoring higher temperatures for their
forward reaction. While exothermic reactions favor the backward reaction with increased temperature.

It can be observed that the 𝐻 fraction decreases slightly with higher temperature. A similar pattern
is observed in several other studies [53] [69] [80] [83] [87] [91] [95]. Hydrogen content usually peaks
when all methane reacted according to R9. At higher temperatures, the water gas shift reaction R8
reverses and creates more 𝐶𝑂 and 𝐻 𝑂. 𝐶𝑂 content and 𝐻 decreases with similar slope, which
validates the reverse WGS reaction.

Higher temperatures shift chemical equilibrium towards CO production for both endothermic (R5
and R9) and exothermic reactions (R6 and R8). 𝐶𝑂 is consumed in the exothermic reactions R6 and
R8 for higher temperatures, which is in agreement with other studies. Methane is completely consumed
by the endothermic reaction R9.

Figure 3.10: Product gas composition for the Aspen Plus model with varying temperature (P=25 bar, SBR=0.8, ER=0.38)

The effect of temperature on the LHV is shown in Figure 3.11. LHV is defined as the amount of heat
released by full combustion of a fuel minus the heat of vaporization of water in the combustion product,
and is calculated according to Equation 3.10. Y represents the volume fraction of each component on
dry basis [80].

𝐿𝐻𝑉 = 10.79𝑌 + 12.62𝑌 + 35.81𝑌 (3.10)

Since 𝐻 is consumed and 𝐶𝑂 is produced, it can be observed from Reaction 3.10 that LHV will
increase because 𝐶𝑂 has a higher contribution to LHV than 𝐻 .
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Figure 3.11: LHV and / ratio for different temperatures (P=25 bar, SBR=0.8, ER=0.38)

Steam to Biomass ratio (SBR)
The effect of the SBR to the product gas composition is shown in Figure 3.12. More steam enhances
𝐻 𝑂 gasification, water gas shift (R8) and steam methane reforming (R9) reactions. 𝐶𝑂, 𝐶𝑂 and 𝐻
is produced, while 𝐶𝑂 is negatively influenced by steam injection due to R8. Similar trends have been
found by other studies [53] [54] [69] [80] [87]. The observed trend is more clear when the components
are modelled in vol. % dry basis, as shown in Appendix D. It can be observed that the SBR has a
small positive effect on the 𝐻 /𝐶𝑂 ratio, while LHV decreases slightly by increased SBR (Figure 3.13).
Therefore it is beneficial to feed only a small amount of steam because steam production requires
significant amounts of heat.

However, predicting the real trends is difficult because temperature fluctuations due to changing
steam input is completely ignored in the Aspen Plus model [86].
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Figure 3.12: Product gas composition for the Aspen Plus model vs. SBR (T=900∘ , , . )

Figure 3.13: LHV and / ratio for different temperatures vs. SBR (T= ∘ , P=25 bar, ER=0.38)

Equivalence ratio (ER)
The ER has a strong influence on the gasification products. A higher ERmeans that more𝑂 is available
for the oxidation reactions R2/R3/R6/R7. This results in a decrease of 𝐻 ,𝐶𝑂 and 𝐶𝐻 and increase
of 𝐶𝑂 , as shown in Figure 3.14. Comparable results are observed in other studies [25] [53] [69] [95].
Syngas LHV decreases by increased ER ratio (Figure 3.15). The decrease of CO takes place in higher
pace than 𝐻 hence the 𝐻 /𝐶𝑂 ratio increases.
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Figure 3.14: Product gas composition for the Aspen Plus model with varying SBR (T= ∘ , P=25 bar, SBR=0.8)

Figure 3.15: LHV and / ratio for different temperatures (T= ∘ , P=25 bar, SBR=0.8)

3.3.2. OLGA tar removal
Most literature research on OLGA tar removal takes place at atmospheric or low pressure, while high
pressure research data is scarcely available. The only high pressure OLGA process similar to this
research study is done by Sridharan [116] and Srinivas et al. [117]. They performed an Aspen Plus
analysis at 20 bar, little less than the 25 bar of this study. Several parameters determine the tar concen-
tration in the syngas outlet stream. Figure 3.16 shows the effect of the number of stages and pressure
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inside the absorber, for a fixed volume and oil flow. It can be observed that increasing the stages or
pressure has a positive influence on the syngas outlet tar concentration, but will also increase energy
demand and costs. Although, the higher pressure is not necessarily a problem since unit operations up-
and downstream operate at similar pressure. The required tar concentration of 10𝑚𝑔/𝑁𝑚 is achieved
with less stages at higher pressure. In addition, the higher the pressure the closer the curves are to
each other.

Figure 3.17 shows the results of the tar removal process from the model developed in this study,
where the number of stages and pressure is fixed at 25 bar and 13 stages. It can be observed that
the trend follows an exponential pattern. This pattern is also found in the aforementioned studies [116]
[117]. A bio-diesel/raw syngas ratio of 2.2 is required to reach a purified syngas stream with less than
10𝑚𝑔/𝑁𝑚 of tar.

Figure 3.16: Sensitivity analysis for pressure and number of stages for the absorber on the tar concentration. The inlet oil flow
is fixed at 1.9 kg / .
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Figure 3.17: Solvent required to purify syngas. Absorber has 13 stages and operates at 25 bar. Syngas inlet stream: ∘ , 25
bar. Oil inlet stream: ∘ , 1 bar.

3.3.3. 𝐻 𝑆 and 𝐶𝑂 removal
Removal of 𝐻 𝑆 and 𝐶𝑂 takes place with an absorber/stripper combination, including three flash sep-
arators in front of the stripper. Main focus of this removal process is to decrease 𝐻 𝑆 ratio below
0.1𝑚𝑔/𝑁𝑚 (Table 2.8), where also a large fraction of 𝐶𝑂 is removed. For this validation the number
of stages, pressure and methanol/syngas ratio is examined. Note, results shown does not take the
recycle stream into account. Final results of the model, with recycle stream, may deviate.

In Figure 3.18 the number of stages and pressure is varied to investigate 𝐻 𝑆 concentration in the
product stream. Similar as the tar removal process, increasing the pressure or number of stages will
increase 𝐻 𝑆 removal. Although, curves get closer when pressure is further increased. The preferred
𝐻 𝑆 concentration is reached after 12 stages with 10 bar, but when the pressure is 40 bar it is already
achieved after 6 stages. Even so, 𝐶𝑂 removal is much higher at higher pressures or when the number
of stages increases (Appendix F).

Increasing the methanol/raw syngas ratio also has a positive effect on the removal efficiency. Pre-
ferred 𝐻 𝑆 concentration is reached easily, but for a 𝐶𝑂 removal of >99% a methanol/raw syngas ratio
of at least 2.4 is required.
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Figure 3.18: Sensitivity analysis for pressure and number of stages for the absorber on the concentration. The inlet
methanol flow is fixed at 2.5 / .

Figure 3.19: Methanol required to remove and from raw syngas. Absorber has 12 stages operating at 36 bar. Raw
syngas inlet conditions: ∘ , 36 bar. Methanol inlet stream: ∘ and 1 bar.





4
Results

In Chapter 3 the Aspen Plus model is described. This chapter analyses the model adapted for two
scenarios in Section 4.1 and 4.2, to finally conclude the results in Section 4.3.

The results will be obtained for two different scenarios described in Section 1.1.1. These are based
on the extreme situations that might take place during a year, regarding the electricity supply. Renew-
able electricity has a fluctuating behavior which has an effect on the dynamic range of the electrolyzer.
The scenarios depend on the availability of electricity, namely high or low. This represents day/night or
summer/winter fluctuations throughout the year. Energy efficiency for kerosene production exclusively
will be calculated according to Equation 4.1. Equation 4.2 takes other useful byproducts like gasoline
and diesel also into account by calculating the energy efficiency of the process.

𝜂 , = 𝐾𝑒𝑟𝑜𝑠𝑒𝑛𝑒
𝐵𝑖𝑜𝑚𝑎𝑠𝑠 + 𝐸𝑙𝑒𝑐𝑡𝑟𝑖𝑐𝑖𝑡𝑦 + 𝐸𝑙𝑒𝑐𝑡𝑟𝑖𝑐𝑖𝑡𝑦 /

(4.1)

𝜂 , = 𝐾𝑒𝑟𝑜𝑠𝑒𝑛𝑒 + 𝐺𝑎𝑠𝑜𝑙𝑖𝑛𝑒 + 𝐷𝑖𝑒𝑠𝑒𝑙 +𝑊𝑎𝑥
𝐵𝑖𝑜𝑚𝑎𝑠𝑠 + 𝐸𝑙𝑒𝑐𝑡𝑟𝑖𝑐𝑖𝑡𝑦 + 𝐸𝑙𝑒𝑐𝑡𝑟𝑖𝑐𝑖𝑡𝑦 / + 𝐸𝑙𝑒𝑐𝑡𝑟𝑖𝑐𝑖𝑡𝑦 (4.2)

The scenarios will be compared according to key performance indicators (KPIs). KPIs are required
electricity production, biomass, produced/consumed oxygen, above mentioned energy efficiencies and
𝐶𝑂 emission during the process.

4.1. Scenario 1
The first scenario represents a period of time where renewable electricity is maximized. Hence, most
syngas will be produced by water electrolysis while only a small fraction originates from the gasifier.
Dynamic load of the gasifier is reduced to approximately 40% of the nominal output.

Almost 70% of syngas is produced by PEM electrolysis and the RWGS. To meet the 𝐶𝑂 demand for
optimal RWGS conditions, a total of 38 ton/h has to be retrieved from the DAC plant. The still remaining
syngas fraction (30%) is obtained by biomass gasification. 43 ton/h of wood pellets and 18 ton/h of
oxygen is fed to the fluidized bed gasifier. Compared to oxygen production for this scenario, there is
a positive net flow of oxygen. 342 MW of electricity is needed, whereof 320 MW originates from PEM
electrolysis. Electricity demand for PEM is calculated according to a system energy of 5 𝑘𝑊ℎ /𝑚
(Table 2.1), assuming a 𝐻 gas density of 0.084𝑘𝑔/𝑚 .

A final kerosene production of 5.90 ton of kerosene is achieved, resulting in approximately 50.000
ton/y. A thermal efficiency of the process is 35% taking all fuels into account, comparable with results
reported in Campanario and Gutiérrez Ortiz [26]. 𝐶𝑂 emission end up to be 2.4 𝑡𝑜𝑛 /𝑡𝑜𝑛 . A
summary of the main parameters can be found in Table 4.1, or a more extended table in Appendix G.
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4.2. Scenario 2
The second scenario represents low renewable electricity supply. This takes place when solar and
wind energy are scarcely available. Approximately 80% of the syngas in this scenario is obtained from
biomass gasification operating at maximum capacity, for which almost 100 ton/h of biomass is required.

Dynamic load of PEM electrolysis has decreased to 30%, producing much less oxygen as well. A
negative net flow of oxygen is observed for this scenario, hence deficiencies must be made up by stored
oxygen. Only 123MW is required tomeet the electricity demand for PEM, DACand pumps/compressors.

A Thermal efficiency of 33% is achieved for fuel production. On the other hand, 3.2 𝑡𝑜𝑛 /𝑡𝑜𝑛
is emitted. Results can be found in Table 4.1 or more comprehensive in Appendix G.

Table 4.1: Main parameters compared for scenario 1 and 2

Scenario 1 Scenario 2
Inputs
Biomass [ton/h] 43.04 98.51
𝐻 𝑂 [ton/h] 34.74 12.37
𝐶𝑂 [ton/h] 38.2 12.6
Electricity [MW] 340.8 122.7

Outputs
Kerosene [ton/h] 5.90 6.32
Gasoline [ton/h] 4.41 4.53
Diesel [ton/h] 2.52 2.70
Wax [ton/h] 2.85 3.05

Oxygen net flow [ton/h] 24.14 -25.14
Efficiencies
𝜂 , 34.79 % 32.84 %
𝑡𝑜𝑛 /𝑡𝑜𝑛 2.4 3.2

4.3. Scenario conclusion
During a year the systemwill fluctuate between the two described scenarios, depending on the available
renewable electricity. Calculated thermal efficiencies and 𝐶𝑂 emissions are more advantageous in
scenario 1, because syngas is produced in a cleaner process. On the other hand, much more electricity
is required. Final size and capacity of components in the process are based on the scenarios. Scenario
1 will determine the stack size of the PEM electrolyzer andmaximum electricity production capacity from
solar/wind power.

Scenario 2 on the other hand determines the size of the biomass gasifier and downstream gas
cleaning units. From the FT reactor and further downstream, both scenarios have similar results.

The gasifier will have a length of 7.3 meter with a diameter of 4.1 meter, reaching a biomass ca-
pacity of approximately 100 ton/h. To reach the desired hydrogen production by PEM electrolysis, a
stack of 93 electrolyzers is needed. Similarly, a DAC plant with a capacity of almost 40 ton/h is needed.
In order to meet the maximum electricity demand of 342 MW, solar and wind have to supply 171 MW
each. Required land-area for solar PV can be calculated according to Equation 4.3.

𝐴 =
𝑃

𝑃𝑆𝐼 ∗ 𝜂 (4.3)

Where the required area (A) depends on required power (𝑃 ), Peak Sun Insolation (PSI) and solar
panel efficiency (𝜂 ). PSI for The Netherlands can be equal to 1000, with a solar panel efficiency of
20% results in a total area required equal to 0.855𝑘𝑚 [39].

In order to calculate the number of wind turbines required and consequently land-area, the single
power output of a turbine has to be determined. Large wind turbines, especially offshore, are nowadays
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10 MW. Leading to approximately 17 wind turbines to meet the electricity demand. Following the rules
of thumb, a wind farm design as shown in Figure 4.1 is assumed [104]. Whereby the two additional
turbines are placed in the first two rows. Rotor blades for 10MW turbines can have different diameters,
depending on the design company. When the 10MW turbine from DTU [128] is assumed, the total rotor
diameter is 178.3m. This would at least need an area equal to 1250m*2850m, equivalent to 3.6𝑘𝑚 .
Note, more designs will suffice, but required area will be similar.

Figure 4.1: Wind farm layout for 15 turbines, following the rules of thumb [104]

The oxygen net flow represents the sum of oxygen production by PEM electrolysis and consumption
by the gasifier.

If the solar and wind pattern of Figure 2.3 can be assumed, most renewable electricity will be pro-
duced in May. On the other hand, December obtains the lowest production of renewable electricity.
These conclusions can be drawn when installed solar/wind ratio is 50/50. When assuming scenario 1
and 2 as best and worse case scenarios, on monthly average there will be no shortage of oxygen. This
is beneficial since daily storage requires far less oxygen capacity than monthly storage.

A day where scenario 2 is dominant is required to determine the storage capacity, which turns
out to be in December. On energieopwek.nl [7] the daily solar and wind production is written down.
Up to 10GW of renewable electricity can be produced during peak times in May, compared to only
2GW on days in December. This results in oxygen shortage throughout the day equivalent to 400-
500 tons of oxygen. Storage of oxygen usually takes place in liquid stage, because density increases
and consequently volume decreases. For 400-500 tons of oxygen a storage capacity of 300 − 400𝑚
is required. Since these shortages can last longer than a day, it is recommended to install a larger
storage capacity. However storage capacity this size is not commercially available, maximum capacity
for commercial storage is up to 70𝑚 . Placing multiple smaller tanks instead of one large storage tank
can be an alternative. An elaborated analysis on monthly and daily basis can be found in Appendix G.





5
Cost analysis

This chapter calculates the capital costs (Section 5.1) and operational costs (Section 5.2) using results
obtained in Chapter 4. These costs are required to calculate the average fuel price in Section 5.3. An
estimation is made for 2030 and 2050 to examine future feasibility of the project in Section 5.4.

Economical feasibility is besides technical feasibility important to determine the attractiveness of a
project. This chapter will make a rough estimation for the total costs of the process. Total cost data
is based on component level, obtained from literature. Total costs of the components are multiplied
with specific percentages to calculate final installed costs. Capacity affects the costs for a component,
hence a scaling component R is used to scale capacities according to Equation 5.1 [124].

𝐶𝑜𝑠𝑡𝑠
𝐶𝑜𝑠𝑡𝑠 = (𝑆𝑖𝑧𝑒𝑆𝑖𝑧𝑒 ) (5.1)

Finally, most costs from literature data is historical data and based on previously built plants, there-
fore the costs are scaled to 2020 according to the Chemical Engineering Plant Cost Index (CEPCI).

Projected cost in year 𝑛 depend on a year 𝑚 with index value 𝐼 and cost 𝐶 (Equation 5.2) [77].

𝐶 = 𝐼
𝐼 ∗ 𝐶 (5.2)

Shown model capacities are obtained from the energy and mass balances from the Aspen Plus
model. The largest value from both scenarios for each component is applied to determine the maximal
required capacity.

Removal processes for particulate matters, cyclone, baghouse filter and condensing scrubber, are
taken into account for the cost analysis while not integrated in the Aspen Plus model. Storage facilities
placed at the airport today are assumed as storage for this new plant and therefore ignored in the cost
analysis. Final installation costs are still very uncertain and come with an uncertainty range of approx-
imately ±30%.

5.1. Capital costs
Two different cases are distinguished by determining the total installation costs and operating costs. In
case ’with electricity production’ the cost for wind turbines and solar panels is included. Total CAPEX
becomes 1.075 billion euros (Table 5.1), where solar and wind power contribute to almost 50%. Another
significant fraction is formed by engineering, fees and start-up costs. Considering the two production
methods, biomass gasification covers approximately 10% of the costs while PEM and DAC reach 15%.
Although, solar and wind power is part of the latter hence this method is dominating the CAPEX.

The second case ’without electricity production’ ignores wind turbines and solar panels, because
it contributes to a large fraction and the system can work without this part. Presumed that required
electricity is taken from the grid and is part of the OPEX. Total CAPEX reduced to 408 M€, more than
halved because engineering etc. also decreased. Costs for other components remained the same as
the other case.

57
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Table 5.1: Total installation costs, inflation is taken into account when determining base and
final costs [98] [124] [125] [136]

Base scale Base cost Scale factor Model scale Costs
[𝑀𝑊 LHV] [MUS$] [𝑀𝑊 LHV] [M€]

Pre-treatment
Storage 69.54 1.35 0.65 493 4.7
Iron removing 69.54 0.42 0.7 493 1.6
Conveyers 69.54 0.42 0.8 493 2.0
Grinding 69.54 0.55 0.6 493 1.8
Feeding system 69.54 3.45 1 493 3.4

IGT Gasifier 400 𝑀𝑊 HHV 51.0 0.7 493 43.9

Gas conditioning
Cyclone 69.54 3.78 0.7 493 0.01
Baghouse filter 69.54 2.38 0.65 493 7.3
Condensing scrubber 69.54 3.78 0.7 493 12.8

Tar removal process 15
Rectisol process 18

PEM electrolyzer 1 kW 875 €/kW 1 110 MW 95
DAC 1.000.000 𝑡𝑜𝑛 200M€ 1 300.000 𝑡𝑜𝑛 60

RWGS 2400 kmol/h 0.66 0.6 3036 kmol/h 0.6

FT reactor 100 MW 24.54 1 70 14.8
SMR 400 MW 44.52 0.7 15 3.9

Distillation 150 m /ℎ 0.27 1 2250 m /ℎ 3.6
Hydrocracker 4.1 ton/h 9.3 0.55 2.5 6.0

Compressors 13.2 MW 17.63 0.85 10.8 12.8
Pumps 0.14 MW 0.12 1 0.08 0.1
Heaters 0.27 MW 0.10 1 21 6.4
Flash separators 1 MW 0.22 1 8 1.5

Heat exchangers 105$/m 1 10.469m 0.9

Electricity production
Wind turbine 2M€/MW 1 171 MW 342
Solar panels 1M€/MW 1 171 MW 171

Engineering 15% of investment costs 121.5
Fees/overheads/profits 10% of total investment 82.9
Start-up costs 5% of total investment 41.5

with electricity production Total costs 1075

without electricity production Total costs 408

Units are similar in this column for all components unless mentioned upon.
Price is an estimation based on [124] [136]. Cost for Rectisol is higher

because cooling network is required.
Heat transfer coefficient in𝑊/𝑚 𝐾 for HX-OLGA=1420 [116], HXSYN=850 [116]

HX1-PEM/HX2-PEM=370 [5], HXFT=11.3 [5]
Engineering is already included in costs for FT reactor, SMR and RWGS.
Also reduced by engineering/fees.../start-up costs for electricity production.
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5.2. Operational costs
Operating costs are build up from depreciation and expenses, calculated on yearly basis. The two
aforementioned cases are treated separately, even as the described scenarios. At first, case ’with
electricity production’ where scenario 1 is found to be more attractive than scenario 2. Depreciation
and maintenance costs contribute to 85M€, hence the majority of OPEX is determined by material
expenses (Table 5.2). Methanol and biomass are dominant factors covering 50% or more of OPEX,
especially for scenario 2 where biomass gasification is dominant.

Secondly, in case ’without electricity production’ total OPEX is higher than previously mentioned
case. Depreciation and maintenance costs diminished drastically, but do not compensate for higher
electricity costs. In scenario 2 electricity demand is minimal hence the effect of electricity costs de-
creases, resulting in lower OPEX than scenario 1 and a smaller difference between the two described
cases. But in total, case ’with electricity production’ is more attractive than case ’without electricity
production’.

Table 5.2: Operational expenditures (OPEX) [32] [51] [124]

Base cost Model scale Costs [M€/y]
Scenario 1 Scenario 2 Scenario 1 Scenario 2

With electricity production
Yearly depreciation 5% of investment 53.8 53.8
Maintenance 3% of investment 32.3 32.3
Personnel 0.7 M€/100MW 𝐿𝐻𝑉 2.8 2.8
Waste water treatment 0.21 M€/75MW 𝐿𝐻𝑉 99 MW 171 MW 0.3 0.5
Biomass 135 €/t 377 kt/y 867 kt/y 50.9 117.0
Oil 437 €/t 84797 t/y 70080 t/y 37.1 30.6
Methanol 350 €/t 173448 t/y 251412 t/y 60.7 88.0
Process water 0.68 €/m 1007400 𝑚 /𝑦 595680 𝑚 /𝑦 0.7 0.4

Total 238.6 325.4

Without electricity production
Yearly depriciation 5% of investment 20.4 20.4
Maintenance 3% of investment 12.2 12.2
Personnel 0.7 M€/100MW 𝐿𝐻𝑉 2.8 2.8
Waste water treatment 0.21 M€/75MW 𝐿𝐻𝑉 99 MW 171 MW 0.3 0.5
Biomass 135 €/t 377 kt/y 867 kt/y 50.9 117.0
Oil 437 €/t 84797 kt/y 70080 kt/y 37.1 30.6
Methanol 350 €/t 173448 kt/y 251412 kt/y 60.7 88.0
Process water 0.68 €/m 1007400 𝑚 /𝑦 595680 𝑚 /𝑦 0.7 0.4
Electricity 0.07 €/kWh (2020) [1] 2987 GWh 1077 GWh 209.1 75.4

Total 394.2 347.3

Depreciation period = 20 years
A scaling factor of 0.25 is used
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5.3. Average fuel price
An important parameter to determine the economic feasibility of a project is cash flow, as defined in
Equation 5.3.

𝐶𝐹 = 𝑆 − 𝐸 (5.3)

The cash flow for a year j (𝐶𝐹 ) is the total income (𝑆 ) minus the expenses (𝐸 ). To determine
the final fuel costs and obtain a 𝐶𝐹 ≥ 0, it is assumed that gasoline, diesel, waxes and kerosene all
have an economical value, regardless of their quality or average carbon number. OPEX assumes a
depreciation period of 20 years, causing the installation costs paid off completely after 20 years. To
generate revenue, an average fuel price of at least 1.74€/𝑘𝑔 or 2.24€/𝑘𝑔 for scenario 1 respectively 2
should be applied, when electricity production is taken into account. If electricity is taken from the grid,
average fuel prices of 2.87€/𝑘𝑔 and 2.39€/𝑘𝑔 are required for scenario 1 and 2. It can be observed
that for both scenarios the case that integrated electricity production in the network seems to turn out
best. Calculated average fuel price of this study exceeds the 1.54€/kg for conventional fuels (2018) [4].

Compared to other research studies, calculated fuel prices within this research are usually more
expensive. Tijmensen et al. [124] reported fuel prices of 13-30€/GJ for FT-liquids, where this study
varies between 39-64€/GJ for all cases (Table 5.4). Shivananda and Dasappa [11] made an overview
of multiple research studies and found fuel prices between 0.50€/kg and 2.00€/kg for different types
of biomass. Dieterich et al. [40] reported production costs of 1.60-3.50€/kg for fuels produced by
biomass gasification or carbon capture. These prices coincide with results found in this research study.
A reason for higher fuel prices can be the integration of two production methods, whereby only one is
running on full load. Biomass gasification functions as back-up when renewable electricity production
is low, resulting in a lower capacity factor for the gasifier. But costs, especially depreciation costs for
the gasifier and gas cleaning equipment, are made leading to an increased fuel price.

5.4. Future cost estimation 2030 and 2050
In the last decades huge developments have beenmade in technologies used within this process. Table
5.3 shows future cost estimations for 2030 and 2050. These estimations are also relevant because
large-scale projects depending onmultiple players can take years before the actual start of construction.
Components not mentioned in the table are assumed to remain fixed at the 2020 value.

The reduced costs affect the total installation cost of the production facility. Yearly depreciation
costs in OPEX will subsequently decrease, resulting in lower fuel prices. Adapted CAPEX, OPEX and
fuel prices for 2030 and 2050 are shown in Table 5.4.

Table 5.3: Future cost estimations in 2030 and 2050 [24] [46] [59]

Base 2030 2050

DAC [€/kW] 200 105 55
PEM [€/kW] 1000 250-1270 (750) 130-307
Wind turbine
Onshore [€/kW] 1350 (2018) 720-1215 585-900
Offshore [€/kW] 2250 1530-2880 1260-2520
Solar panel [€/kW] 1000 660 370

Reduced costs for 2030 and 2050 all affect the CAPEX and subsequently OPEX by reduced costs
for depreciation and maintenance. Fuel price has decreased around 0.25€/kg between 2020 and 2050
for case ’with electricity production’ compared to only 0.09€/kg in case ’without electricity production’.
Integrating electricity production was already more attractive for the 2020 case, but the price difference
between the cases increases with time.

Still, future average fuel prices are relatively high compared to prices from conventional fuel. But
expected increase on carbon tax can potentially reduce the gap between conventional and synthetic
kerosene [65].
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Considering wind turbines, they are expected to increase to 15-20MW in two decades. Capacity
factors will also increase, 30-55% in 2030 or 32-58% in 2050 compared to 34% in 2018 for onshore
turbines. Offshore reached 43% in 2018 and might increase to 36-58% in 2030 or 43-60% in 2050
[59]. Predicted future cost for wind power in CAPEX is based on the average price of on- and offshore
turbines. If, finally, only offshore turbines will be applied fuel price will increase slightly. Exclusively
onshore turbines results in lower fuel prices.

Table 5.4: CAPEX, OPEX and fuel price estimations for 2030 and 2050

Scenario 1 Scenario 2
2020 2030 2050 2020 2030 2050

With elec. production
CAPEX [M€] 1075.1 855.3 649.5 1075.1 855.3 649.5
OPEX [M€/y] 238.6 220.9 204.5 325.2 307.7 291.3
Fuel price [€/kg] 1.74 1.61 1.49 2.24 2.12 2.00
Fuel price [€/GJ] 39 36 33 50 47 44

Without elec. production
CAPEX [M€] 425 340.1 255.3 425 340.1 255.3
OPEX [M€/y] 394.2 388.8 382.0 347.3 341.9 335.1
Fuel price [€/kg] 2.87 2.83 2.78 2.39 2.35 2.30
Fuel price [€/GJ] 64 63 62 53 52 51

5.5. Sensitivity analysis
Fuel prices are, based on CAPEX and OPEX, highly determined by PEM, DAC, wind/solar power,
biomass, methanol and electricity price. Effect of the three first mentioned factors is examined in Sec-
tion 5.4. Biomass, in this research study wood pellets, is an essential feedstream and will undergo
market changes the coming decades due to increased interest in biomass. Methanol market is also
highly sensitive for the world economy and forms a significant fraction of the OPEX. DAC and PEM
costs are highly dependent on the electricity price, that is influenced by the growing renewable elec-
tricity supply. A sensitivity analysis is performed for each factor to determine the effect on the average
fuel price.

(a) (b)

Figure 5.1: Calculated average fuel price for different biomass (a) and methanol (b) price for the case ’with
electricity production’. Other parameters are fixed and established as reported earlier.



62 5. Cost analysis

5.5.1. Biomass
Besides changing market conditions for wood pellets, changing to another biomass source will also
influence the OPEX. Therefore it was decided to perform a sensitivity analysis on the biomass price
to examine the effect on the fuel price (Figure 5.1a). Fuel price is doubled and reaches 2.92 €/kg for
a biomass price of 250 €/ton in scenario 2. This increase is milder for scenario 1, where biomass
contributes to a much smaller fraction in the OPEX.

5.5.2. Methanol
Methanol is mainly the second highest cost item in OPEX. The price for methanol strongly depends
on the world economy. Previous events like Gulf War and financial crises dropped methanol prices
drastically [58]. In Figure 5.1b methanol price is varied between 100 and 600 €/ton. It can be observed
that within this range the fuel price differs 0.70 €/kg maximum. When methanol price is reduced to 100
€/kg, the average fuel price becomes 1.42 €/kg for scenario 1 or 1.85 €/kg for scenario 2. The price
difference of approximately 0.40 €/kg is a result of the higher methanol consumption in scenario 2.

5.5.3. Electricity
Electricity prices can fluctuate the coming decades and contributes to a large fraction of the OPEX.
Especially in the case ’without electricity production’ where electricity is taken from the grid. It is ob-
served that the fuel price fluctuates between 1.30 and 3.70 €/kg for scenario 1 where DAC and PEM
are operating on full load (Figure 5.2). For scenario 2 the price difference is less because electricity
contributes to a smaller fraction in the OPEX. In addition, when electricity price exceeds 0.04 €/kWh
the second scenario shows lower fuel prices. Electricity price will strongly determine the feasibility of
this project.

Figure 5.2: Calculated fuel price for different biomass price for the case ’without electricity production’. Other
parameters are fixed and established as reported earlier.
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5.6. Discussion
• A RWGS reactor is not required after the gasifier to obtain the 𝐻 /𝐶𝑂 ratio. But changing condi-
tions of the gasifier affects this ratio, after which a RWGS might be necessary to meet the ratio.
No RWGS decreases flexibility of the system but has a positive effect on the CAPEX.
Same holds for the biomass gasifier, the calculated capacity is relatively high. Two smaller gasi-
fiers with lower capacity instead of one with a high capacity is an alternative. It will increase
reliability of the model, in case of failures, but increases the CAPEX.

• Separating 𝐶𝑂 from 𝐻 𝑆 is a cost and energy intensive process, but might be promising [124].
Initially, adding this separation step will increase the CAPEX. But pure 𝐶𝑂 can be fed to the
RWGS reactor instead of feeding 𝐶𝑂 from the DAC plant. This will decrease the required capacity
of DAC plants and consequently CAPEX. But the purity of 𝐶𝑂 from the 𝐶𝑂 /𝐻 𝑆 separator is
probably less than 𝐶𝑂 obtained from the DAC plant. Therefore further research is recommended
to explore this alternative.

• Kerosene is easy to store and transport. This research study assumes a constant production of
kerosene resulting in a total of 50.000 ton/y. The most renewable production method is by water
electrolysis and DAC. But biomass gasification is added to remain a constant production. Another
approach can be to increase kerosene production during peak electricity production and store the
kerosene. Syngas by biomass gasification can be minimized and so will 𝐶𝑂 emission. Dynamic
range of components present in the model have to be investigated to determine the feasibility of
this alternative approach.

• 𝐶𝑂 taxes are not taken into account for the cost analysis. This would increase the OPEX, es-
pecially for the biomass gasification where 𝐶𝑂 is emitted. 𝐶𝑂 taxes are estimated to increase
coming decade, making the electrolysis process more attractive [65].

• CAPEX for wind turbines is strongly dependent on multiple factors and may even increase. Plac-
ing wind parks further offshore and in deeper water increases costs for foundations and grid
connection. Raw material prices also increase, steel and copper prices for example significantly
increased the last decades. At last, competition between turbine suppliers is limited which causes
higher prices than estimated [63].

• This research study makes use of purely wood pellets with low moisture content, hence a dryer is
not required. But when other types of biomass or feed streams become promising, it is plausible
that moisture content is too high. Flexibility of the gasifier will be increased when adding a dryer,
but would cost approximately 47𝑀€ [124].

• Obtained gasoline fraction does not meet the gasoline specifications yet. Aromatic content is low
and oxygenates must be removed before use. Some problems can be resolved after blending.
But additional steps downstream are recommended to meet the gasoline specifications.
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Conclusion

The main objective of this research study was to investigate the technical and economical feasibil-
ity of large scale synthetic kerosene production, for Rotterdam-The Hague Airport. Due to intermittent
renewable electricity supply, biomass gasification is integrated besides water electrolysis to fill up short-
coming of syngas production. A constant kerosene production is realized by a combination of the two
aforementioned methods.

From the literature study it was concluded that Fischer-Tropsch process is most suitable to produce
kerosene. Two different scenarios were sketched to represent periods of low and high renewable elec-
tricity production respectively. An Aspen Plus model was created and validated with corresponding
literature data to establish the validity of the model.

The two scenarios were implemented to predict and analyze the model results. For each sce-
nario results were generated according to the KPIs: required electricity production, biomass, pro-
duced/consumed oxygen, 𝐶𝑂 emission and energy efficiency. Finally, a (future) cost analysis was
performed to calculate CAPEX, OPEX and the average fuel price. The results are used to get a better
understanding of the system and to explore the opportunities and bottlenecks.

At the beginning of the research one key question was consolidated, together with six sub-questions.
This research study is concluded by answering the sub-questions and finally the main research ques-
tion.

• What are the bottlenecks in the system, based on an economical and technical feasibility
study?
At first the economical bottlenecks. In Chapter 5 a thorough cost analysis has been made to
give a clear vision of the CAPEX, OPEX and average fuel price. Biggest contributor (48%) to the
installation cost were wind and solar power, followed by PEM electrolysis and DAC plants. But
costs for aforementioned components undergoes rapid developments leading to lower costs in the
future. Hence the contribution of these components will decrease in time, but remain dominant.
Regarding the average fuel price, CAPEX and OPEX have to decrease to make this process
profitable. Fuel prices of 1.74-2.87€/kg are observed for 2020, decreasing to 1.61-2.83€/kg in
2030 and 1.49-2.78€/kg in 2050. Highest prices belong to the case ’without electricity produc-
tion’, where wind/solar power is not integrated in the system and electricity comes from the grid.
Currently the calculated average fuel price lies above market price, making the project less attrac-
tive. But if taxes increase for conventional fuel and renewable projects are subsidized, synthetic
fuels becomes more attractive and the process more feasible.
At last, PEM electrolysis is not yet economically attractive. Most RD projects focus on increasing
operating current density (to reduce CAPEX) and improve efficiency (to reduce OPEX). Carbon
tax can increase electrolysis interest even more in the future [49].
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Technical bottlenecks for PEM electrolysis comprises of membranes, catalysts, mass transport
effects, current density distribution with low catalyst loadings and more. These challenges need
to be overcome when increasing production to MW scale [34].
DAC faces similar challenges for scaling up. Currently few pilot plants are built. But the relatively
high cost make large scale plants still challenging. In technical perspective, DAC plants have a
high water and energy consumption. Mostly heat provided is derived from fossil fuels, although
this can be resolved by waste heat from the process.
Another technical bottleneck is oxygen storage. However, this will be explained in another sub-
question down below.

• What are the total costs of the production plant?
The total costs of the production plant are strongly dependent on electricity supply. This sys-
tem including the costs for solar panels and wind turbines comes with a total cost of 1075𝑀€.
When they are not integrated and added to operational costs taking electricity from the grid, total
installation costs decrease with more than 500𝑀€ to 408𝑀€.

• How much electricity and consequently land-area is required for electricity production?
And how will this be subdivided between solar and wind?
From Chapter 4 it can be found that at peak moments electricity demand becomes 342 MW. In
order to determine land-area and wind/solar ratio, further research and communication with the
airport and municipal is recommended. Wind turbines can not be placed nearby runways, hence
for placing wind turbines the airport is highly dependent on other players. Solar panels may
be placed on airport buildings or elsewhere. Since realising large-scale renewable projects is
complex and no communication has taken place with other players within this research, no clear
ratio can be determined and therefore it is assumed that wind/solar ratio is 50/50. An estimation
is made for the required land-area, which resulted in an area equal to 0.9𝑘𝑚 for solar panels and
3.6𝑘𝑚 for a wind farm. To note, area for the wind farm is calculated for 10MW turbines.

• How much 𝐶𝑂 capture is required?
Based on the two scenario analyses, scenario 1 showed the highest demand of 𝐶𝑂 . A maximum
capacity of approximately 40 ton/h or 350.000 ton/y is required. Optionally, the 𝐶𝑂 emitted by
the gasification process may be used. But, as mentioned in Chapter 3, separating 𝐶𝑂 from 𝐻 𝑆
is very cost and energy intensive. On the other hand, recycling 𝐶𝑂 reduces the number of DAC
units required.

• How many useful side-products are produced in the system?
The main objective of this system is kerosene production (53.000 ton/y), but other fractions are
also retrieved from the process. Gasoline (39.000 ton/y) and diesel (23.000 ton/y) are side-
products applicable in other types of transportation found at the airport. Waxes (26.000 ton/y) are
applied in other markets and industries. The project becomes more feasible when side-products
can make a financial contribution.

• Is there enough oxygen, derived from the water electrolyzer, available for biomass gasifi-
cation? And which storage capacity is required?
Based on the analyses about oxygen production and consumption in Appendix G, several con-
clusions can be drawn. At first, over a year more oxygen is produced than consumed. Resulting
in enough oxygen to meet the demand of the gasifier. Secondly, on a monthly basis on aver-
age more oxygen is produced than consumed except January and December. Although, during
these winter months shortage only occurs for days and not throughout the month. This means
that seasonal storage is not required, hence only shortages resulting from days with low renew-
able electricity production have to be covered.

Assuming one day of low electricity supply will result in a shortage of 450 ton, equivalent to ap-
proximately 350𝑚 when stored as LOX. Since consecutive days with shortage is highly plausible,
more storage capacity is advised. Storage tanks in this order of magnitude are found in literature
theoretically [56], but are practically difficult to realise. More realistic capacities are at maximum
70𝑚 . An alternative can be to install multiple smaller storage tanks.
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• Is it feasible for Rotterdam-TheHagueAirport to produce synthetic kerosene
by water electrolysis with DAC and biomass gasification given the intermit-
tent supply of electricity?

This research intended to make a clear techno-economic analysis to investigate the feasibility
of this project. The sub questions already discussed important subjects required to formulate a
comprehensive answer to the research question.
The combination of two different production methods to obtain syngas and remain a constant
kerosene production was found promising. Biomass gasification is a mature technology and the
capacity required in this study (100 ton/h) for gasification and gas cleaning downstream will not
cause difficulties. The wood pellet market is developing fast and the Port of Rotterdam is an
important transit location, making it an attractive location for biomass gasification. On the other
hand, sustainability of the biomass can be questionable. The 𝐶𝑂 captured by trees will eventually
be released again when kerosene is consumed. Hence the biomass source is also important
to determine the sustainability. But integrating biomass gasification in a system depending on
intermittent electricity supply is a reliable alternative to maintain constant syngas and kerosene
production.
Capacity required for PEM electrolysis and DAC is technically and economically more difficult.
Electrolysis stacks for large scale 𝐻 production need to overcome certain challenges, as de-
scribed in the first sub question, before it is technically and economically attractive. DAC tech-
nology is not yet mature and only available for small scale applications. They contribute to a
large fraction of CAPEX and OPEX, resulting in an average fuel price of 1.74-2.78€/kg. But ex-
pected technical and economical improvements in the coming decades will reduce the average
fuel price to 1.49-2.78€/kg in 2050. Hence, the price gap between conventional kerosene and
synthetic kerosene can be overcome, a requirement to make this project feasible. Expected in-
crease of carbon taxes will also reduce the price gap. So the feasibility of this project will increase
in time, when new technologies have become more mature and economically attractive.
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6.1. Recommendations
• 𝐶𝑂 capture can be done by several methods. This research study applies an amine-based
method. Aspen Plus is an appropriate program to model DAC. Integrating the DAC plant will
optimise and extent themodel. Process fluctuations and consequently changingmass and energy
balances give a more precise estimation.

• The hydrocracker within this system is modelled easy and does not take changing operating
conditions and changing inlet flow compositions into account. Even as the DAC plant, optimising
the hydrocracker will optimise the total system.

• More research on 𝐶𝑂 − 𝐻 𝑆 removal, due to low relative volatility of 𝐶𝑂 and 𝐻 𝑆 at high 𝐶𝑂
concentrations it is very difficult to separate the two components. On the other hand, DACs
require also energy/electricity to obtain 𝐶𝑂 . Therefore further research is recommended to find
out which method is more profitable. It will also reduce the costs for CO2 tax.

• Aspen Plus is a steady state analysis program. But renewable electricity comes with fluctuations
on small timescales and therefore dynamic analyses will finally be necessary to examine the
behavior on daily or even hourly basis.

• Ambitious plans for the coming decades are launched to build pipeline networks for 𝐶𝑂 and
𝐻 . Since these components form a key in the production process, these future plans can be
promising [37]. Although the project loses some independence, reliability of the process can
potentially be improved.

• Different configurations for the process can be examined to optimise system performance. At
first, the hydrocracker is placed after the distillation phase. But another setup can be to place
the hydrocracker before the distillation phase. By separating the heavy waxes on forehand and
crack them, and subsequently mix with the lower hydrocarbons.
Secondly, the product stream of the SMR contains a high amount of 𝐶𝑂 . This is unfavorable for
the performance of the FT reactor. An alternative can be to redirect the stream to the 𝐻 𝑆/𝐶𝑂
removal process. 𝐶𝑂 and other heavy compounds will be removed from the stream and a purer
syngas stream arrives at the FT reactor. On the downside, capacity of the 𝐻 𝑆/𝐶𝑂 remover
needs to increase seriously. This increases installation costs for the removal process and oper-
ating costs regarding DEA.

• Adding a dryer to make use of other sources of biomass as well. Pellets have low moisture
content, but if the biomass source is taken broader there will be sources with higher moisture
content whereby drying is required. CAPEX will increase.

• Bed materials can enhance the product gas quality. This research study uses quartz sand
as bed material, which is inert. But other bed materials can potentially absorb 𝐶𝑂 ,𝐻 𝑆 and
𝑁𝐻 leading to higher quality product gas. In addition, gas cleaning downstream may become
less complicated. On contrary, these bed materials require other process steps, increasing
CAPEX and OPEX, before it can be recycled. Potentially the most attractive bed materials are
dolomite (𝐶𝑎𝑀𝑔(𝐶𝑂 ) ), calcites (𝐶𝑎𝐶𝑂 ), magnesites (𝑀𝑔𝐶𝑂 ) and olivines ((𝑀𝑔, 𝐹𝑒) 𝑆𝑖𝑂 ).
They reach significant activity at high temperatures and are non-toxic [113]. Promising bed mate-
rials will face problems, some are not tested on large scale plants, and require thorough research
but can potentially optimise the gasifier performance.
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A
Relative solubility of syngas components

for chilled methanol

Table A.1: Relative solubility of syngas components in methanol at ∘ [17]

Component Relative solubility
𝐻 0.005
CO 0.02
𝐶𝑂 1
𝐻 𝑆 7.06
Benzene 59.5
𝐶𝐻 0.05
𝐶 𝐻 0.46
𝐶 𝐻 0.42
𝐶 𝐻 2.35

Basis of relative solubility
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B
Schematic of complete Aspen Plus

model

Figure B.1: Schematic of the process developed in Aspen Plus
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C
Mass yields pyrolysis process

Table C.1: Mass yields for the pyrolysis process in the gasifier PYROL (T=1184K), according to [10]

Component Mass yield [%]
𝐶𝐻 7.20
𝐻 1.35
𝐶𝑂 37.75
𝐶𝑂 10.46
𝐶 𝐻 3.33
𝐶 𝐻 0.04
𝐶 𝐻 2.43
𝐶 𝐻 2.95
𝐶 𝐻 𝑂 0
𝐶 𝐻 0.41
𝐻 𝑂 24.02
𝐶ℎ𝑎𝑟 10.08

Mass yields are normalized to include char and moisture content
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D
Validation steam-to-biomass ratio on dry

basis

Figure D.1: Product gas composition on dry basis for the Aspen Plus model with varying SBR (T= ∘ , P=25 bar, ER=0.38)
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E
𝐻2𝑆/𝐶𝑂2 removal using amine

absorption (DEA)
Sulfur removal can take place by high and low temperature technologies. Physical and chemical ab-
sorption, commonly with metal oxide as sorbent, are high temperature technologies. But these tech-
nologies operate at temperatures of at least 400∘𝐶, which makes it very energy intensive. Amine based
absorption is usually applied as low temperature technology. Amines can be subdivided into primary,
secondary and tertiary amines. The secondary amine, diethanolamine (DEA), is less reactive for 𝐻 𝑆
and 𝐶𝑂 than the primary monoethanolamine (MEA) [90]. Lower reactivity reduces the energy require-
ments for regeneration and hence the processing costs. For this reason the low temperature technology
chemical absorption will be applied, which is an industrially applied method [90].

The most suitable property method for 𝐶𝑂 absorption is Electrolyte Non-Random Two-Liquid ac-
tivity coefficient (ELECNRTL). It offers the most versatile properties for aqueous and mixed solvent
systems. Missing binary interaction parameters are predicted from UNIFAC model [81].

Figure E.1: Schematic of and removal process developed in Aspen Plus

Schematic 𝐻 𝑆/𝐶𝑂 removal
The configuration of the 𝐻 𝑆 removal is comparable to the tar removal process and based on a the
study of Peters et al. [90]. Two columns, ABS-H2S and STR-H2S, represent the absorber and stripper
section respectively as shown in Figure E.1. Raw syngas is fed at the bottom of the first column while
DEA enters on the top stage (Figure E.2). A high operating pressure of 50 bar is maintained to achieve
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86 E. 𝐻 𝑆/𝐶𝑂 removal using amine absorption (DEA)

optimal 𝐶𝑂 and 𝐻 𝑆 separation. Amine/raw syngas ratio is found to be 4.5:1 mass. % by iteration for
optimal performance of the absorber. At this point, 𝐻 𝑆 content is just below 0.1𝑚𝑔/𝑁𝑚 . Validation
for obtaining this fraction can be found in Chapter 3.3.3. Further downstream this fraction will decrease
because the sweet syngas is mixed with syngas from the electrolyzer and RWGS which does not con-
tain 𝐻 𝑆.

Table E.1: Mole fractions of the present components before and after the absorber

Sweet syngas Rich syngas solution
𝐻 𝑂 0.02 0
𝐶𝑂 0.38 0.01
𝐻 0.41 0.70
𝐶𝑂 0.19 0.29
𝐻 𝑆 1729 mg/Nm 0.08 mg/Nm
𝑁𝐻 5954 mg/Nm 1e-3 mg/Nm
Temperature [∘𝐶] 85 37
Pressure [bar] 25 53

A pump decreases the pressure of the rich amine solution to 2.5 bar, which is equal to the operating
pressure of the stripper. A heater HTR-H2S decreases the flow pressure to 2.5 bar with a temperature
of 63∘𝐶. The operating conditions of the stripper, as well as the absorber, are shown in Table E.2.
Approximately 99% of DEA leaves in the bottom stream and will be recycled. A purge stream will
avoid accumulation of unfavorable components, resulting in total DEA losses within the cycle of 4-5%.
Additional unit operations for the top flow after the stripper can increase recycle efficiency, but will also
increase energy demand and costs.

Table E.2: Column specifications for / removal process

Absorber Stripper
Number of stages 10 10
Pressure [bar] 50 2.5
Condenser No No
Reboiler No Yes (Kettle)
Boilup ratio (mass) 1.33

E.1. Validation amine scrubber
Removal of 𝐻 𝑆 and 𝐶𝑂 takes place in a similar way as tar removal. An absorber absorbs the 𝐻 𝑆 and
𝐶𝑂 by the amine DEA. Main focus of this removal process is to decrease 𝐻 𝑆 ratio below 0.1𝑚𝑔/𝑁𝑚
(Table 2.8). With this, a large fraction of 𝐶𝑂 is also removed. The study of Peters et al. [90] concluded
that amine absorption can reach < 0.5% 𝐶𝑂 in the sweet gas stream.

Results of the𝐻 𝑆 and 𝐶𝑂 removal can be found in Figure E.3 and Figure E.4. The absorber shows
similar behavior as the tar removal process. Increasing the number of stages or pressure will increase
𝐻 𝑆 removal and curves get closer when pressure further increases. Preferred 𝐻 𝑆 concentration of
0.1𝑚𝑔/𝑁𝑚 is not reached within 12 stages for 30 and 40 bar. This requirement on the other hand is
reached for an absorber with 10 stages or higher for 50 and 60 bar. Therefore an absorber with 10
stages and 50 bar is applied to this model. A similar trend is observed for 𝐶𝑂 removal, where >99.5%
of the inlet 𝐶𝑂 is removed for this absorber (Appendix F.1).

Increasing the DEA/raw syngas ratio has a positive effect on the removal efficiency, as observed in
other studies [79] [90]. 𝐻 𝑆 content below 0.1𝑚𝑔/𝑁𝑚 is reached for DEA/raw syngas ratio from 4.5.
At this point >99% of 𝐶𝑂 is removed from the raw syngas stream as well.
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Figure E.2: Overview of the / absorption process [90]

Figure E.3: Sensitivity analysis for pressure and number of stages for the absorber on the concentration. The inlet
methanol flow is fixed at 4.3 kg / .
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Figure E.4: DEA required to remove and from raw syngas. Absorber has 12 stages operating at 36 bar. Raw syngas
inlet conditions: ∘ , 25 bar. DEA inlet stream: ∘ and 1 bar.



F
Validation 𝐻2𝑆/𝐶𝑂2 removal for 𝐶𝑂2

Figure F.1: Fraction of inlet removed in absorber by different number of stages (P=10 bar, / =2.5)
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G
Scenario results (extended)

G.1. Scenario results
Table G.1: Results for scenario 1

Gasification DAC and WE
Biomass input [ton/h] 43.04 𝐻 𝑂 input [ton/h] 34.74
Dynamic load 40-45% 𝐶𝑂 input RWGS [ton/h] 36.70

𝐶𝑂 input SMR [ton/h] 0
SBR ratio 0.8 Air input DAC [ton/h] 1194
Steam input [ton/h] 34.43

WE dynamic load 100%
ER ratio 0.42
Oxygen input [ton/h] 18.29 Produced 𝐻 [ton/h] 5.35

Produced oxygen [ton/h] 42.43
Aspen Plus model
reactor dimensions Electricity
Length [m] 7.32 PEM [MW] 319.2
Diameter [m] 2.71 DAC [MW] 11.4

Pumps/Compressors [MW] 10.2
Total [MW] 340.8

Gas cleaning FT reactor
Tar removal 𝐻 ∶ 𝐶𝑂 ratio FT reactor 2.06:1
Oil [ton/h] 9.68 Syngas fraction gasification [%] 34.0

Syngas fraction WE [%] 66.0
𝐻 𝑆/𝐶𝑂 removal
Methanol [ton/h] 19.83
Efficiencies Distillation
𝜂 , 13.10 % Kerosene [ton/h] 5.90
𝜂 , 34.79 % Gasoline [ton/h] 4.41
𝑡𝑜𝑛 /𝑡𝑜𝑛 6.27 Diesel [ton/h] 2.52
𝑡𝑜𝑛 /𝑡𝑜𝑛 2.36 Wax [ton/h] 2.85
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92 G. Scenario results (extended)

Table G.2: Results for scenario 2

Gasification DAC and WE
Biomass input [ton/h] 98.51 𝐻 𝑂 input [ton/h] 12.37
Dynamic load 100% 𝐶𝑂 input RWGS [ton/h] 11.06

𝐶𝑂 input SMR [ton/h] 1.50
SBR ratio 0.8 Air input DAC [ton/h] 392.47
Steam input [ton/h] 78.81

WE dynamic load 30%
ER ratio 0.40
Oxygen input [ton/h] 39.60 Produced 𝐻 [ton/h] 1.82

Produced oxygen [ton/h] 14.46
Aspen Plus model
reactor dimensions Electricity
Length [m] 7.32 PEM [MW] 111.4
Diameter [m] 4.10 DAC [MW] 3.8

Pumps/Compressors [MW] 7.5
Total [MW] 122.7

Gas cleaning FT reactor
Tar removal 𝐻 ∶ 𝐶𝑂 ratio FT reactor 2.04:1
Oil [ton/h] 5.27 Syngas fraction gasification [%] 83.0

Syngas fraction WE [%] 17.0
𝐻 𝑆/𝐶𝑂 removal
Methanol [ton/h] 28.71
Efficiencies Distillation
𝜂 , 12.51 % Kerosene [ton/h] 6.32
𝜂 , 32.84 % Gasoline [ton/h] 4.53
𝑡𝑜𝑛 /𝑡𝑜𝑛 11.39 Diesel [ton/h] 2.70
𝑡𝑜𝑛 /𝑡𝑜𝑛 3.17 Wax [ton/h] 3.05

G.2. Oxygen storage
To determine the required oxygen storage, an analysis is done onmonthly and daily basis. 𝑒𝑛𝑒𝑟𝑔𝑖𝑒𝑜𝑝𝑤𝑒𝑘.𝑛𝑙
[7] monitors all types of renewable power every ten minutes. Table G.4 shows the results of the monthly
analysis. For eachmonth the solar and combined offshore and onshore wind power is retrieved in 2020.

Required oxygen is based on the two scenarios assuming a wind/solar ratio of 1/1. From the data it
can be concluded that May produces the most renewable power while January the least. Resulting in
May be equivalent to scenario 1, while the other months are scaled between scenario 1 and 2. Since
monthly power production is an average over the days, oxygen production and consumption for both
scenarios is moderated with 25% as shown in Table G.3.

Table G.3: Oxygen production and consumption for scenario 1 and 2 for calculating required oxygen storage on monthly basis

Oxygen Produced Oxygen Consumed
[ton/h] [ton/h]

Scenario 1 35.44 23.62
Scenario 2 21.45 34.27

From Table G.4 it can be concluded that there is a shortage of oxygen in January and December,
while the other months result in overproduction. On a yearly basis more oxygen is produced than
consumed, with an average of 3.4 ton/h. But the underproduction in two months indicate that oxygen
storage is not only required on daily basis but also on monthly basis. Hence an analysis is done for
days in December where renewable electricity production is low.

Table G.5 shows the results of a day in December with barely renewable electricity production.
Assumed is that the peak moment (14:00) represents for 80% scenario 2. A shortage of 460 ton is



G.2. Oxygen storage 93

reached, which is equivalent to approximately 350𝑚 when stored as liquid oxygen (LOX). But peri-
ods of low electricity production can hold for multiple days, hence a bigger storage is required than
calculated for this day only. Liquid oxygen, especially large storage, comes with certain risks. Severe
conditions such as low temperature and high pressure require special attention regarding safety. Small
storage tanks are widely available, but do not satisfy the calculated storage for this research study. Big-
ger LOX storage tanks are more scarce, but Hu et al. [56] reported a LOX storage tank of 2500𝑚 .
To meet the storage for this research problem covering multiple days of oxygen shortcomings, storage
tanks similar to [56] will be necessary.
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Table
G
.4:O

xygen
storage

calculation,based
on

data
from

.
[7]

2020
W
ind

[M
W
]

Solar[M
W
]

0.5*w
ind+0.5*solar

Scenario
1

Scenario
2

Produced
[ton/h]

C
onsum

ed
[ton/h]

N
et[ton/h]

January
1950

72.4
208

11.2
41.8

0.39
0.61

26.8
30.2

-3.3
February

2694
100

382
20.6

60.3
0.64

0.36
30.5

27.4
3.1

M
arch

1963
72.9

980
53

62.9
0.68

0.32
31.0

27.0
4.0

April
1192

44.2
1580

85.4
64.8

0.71
0.29

31.3
26.7

4.6
M
ay

1156
42.9

1850
100

71.5
1.00

0.00
35.4

23.6
11.8

June
1152

42.8
1670

90.3
66.5

0.73
0.27

31.7
26.5

5.2
July

1209
44.9

1550
83.8

64.3
0.70

0.30
31.2

26.8
4.4

August
1311

48.7
1530

82.7
65.7

0.72
0.28

31.5
26.6

4.9
Septem

ber
1437

53.3
1190

64.3
58.8

0.62
0.38

30.2
27.6

2.5
O
ctober

2630
97.6

559
30.2

63.9
0.69

0.31
31.2

26.9
4.3

N
ovem

ber
2290

85.0
422

22.8
53.9

0.55
0.45

29.2
28.4

0.8
D
ecem

ber
2210

82.0
227

12.3
47.2
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Table G.5: Oxygen shortage calculation on daily basis [7]

Time Scenario 1 Scenario 2 Oxygen produced Oxygen consumed Net
[ℎ] [ton] [ton] [ton]
0:00 0.04 0.96 18.1 38.7 -20.6
1:00 0.04 0.96 18.1 38.7 -20.6
2:00 0.04 0.96 18.1 38.7 -20.6
3:00 0.04 0.96 18.1 38.7 -20.6
4:00 0.04 0.96 18.1 38.7 -20.6
5:00 0.04 0.96 18.1 38.7 -20.6
6:00 0.04 0.96 18.1 38.7 -20.6
7:00 0.05 0.95 18.2 38.6 -20.4
8:00 0.05 0.95 18.4 38.5 -20.1
9:00 0.07 0.93 18.8 38.1 -19.3
10:00 0.12 0.88 20.0 37.1 -17.1
11:00 0.15 0.85 20.9 36.4 -15.5
12:00 0.17 0.83 21.4 35.9 -14.5
13:00 0.20 0.80 22.0 35.4 -13.4
14:00 0.20 0.80 22.1 35.3 -13.2
15:00 0.20 0.80 22.0 35.4 -13.4
16:00 0.18 0.82 21.5 35.8 -14.3
17:00 0.13 0.87 20.3 36.8 -16.5
18:00 0.09 0.91 19.4 37.6 -18.3
19:00 0.06 0.94 18.5 38.4 -19.9
20:00 0.05 0.95 18.2 38.6 -20.5
21:00 0.04 0.96 18.1 38.7 -20.6
22:00 0.04 0.96 18.1 38.7 -20.6
23:00 0.04 0.96 18.1 38.7 -20.6
24:00 0.04 0.96 18.1 38.7 -20.6

Total [ton] -462.5
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