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Abstract 
Pre-fermentation of influent has been proposed as a method to improve phosphorus removal capacity, 

granulation, and simultaneous nitrification denitrification for aerobic granular sludge plants. This 

thesis sought to determine the influence of increasing VFA concentrations on performance of aerobic 

granular sludge plants and key considerations for implementation of pre-fermentation. Two 

approaches were applied during this thesis: a modelling approach and an experimental approach. A 

mathematical model was built to show the influence of increasing VFA concentrations and to describe 

principles observed in practice at aerobic granular sludge plants. The experimental approach consisted 

of two measuring campaigns. First, experiments were performed to test the necessary operational 

conditions to ferment influent in a sequencing batch reactor fermenter. Second, a sampling campaign 

was conducted to determine the conditions which led to fermentation of organic matter in a sand trap 

on site in Utrecht. The model demonstrated the benefit of combining existing models to describe 

settling of aerobic granular sludge with size fractionations, plug flow feeding in a settled sludge bed, 

reactions in the bulk and in granules, and diffusion across granules and into bulk liquid. It was found 

that increasing acetate concentrations led to longer stability of phosphorus uptake capacity and that 

SRT control is necessary to maintain long term capacity. Increasing acetate concentrations also led to 

increases in phosphate release and simultaneous nitrification denitrification. These changes were 

attributable to differences observed across granules of different sizes: phosphate accumulating 

organisms dominated larger granules and nitrifiers were more dominant in smaller granules. Model 

calculations indicate that a maximum granule size exists because the most poly-phosphate storage was 

not performed by the largest granules. From the experimental work, fermentation was found to be 

occurring (at rates of 21 mg VFA-COD L-1  h-1 ± 15) in a hydraulically underloaded sand trap which led 

to significant VFA production and subsequent difficulties in fermenting in the controlled SBR reactor 

(which produced an average of 28 mg VFA-COD/l). More research is needed to determine the optimal 

operational conditions to ferment influent and to demonstrate the effect on aerobic granular sludge 

in practice.  
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1. Introduction and literature review 

1.1 Introduction 
Aerobic granular sludge (AGS) is a biological treatment technology proven to efficiently remove 

nutrients from wastewater. The concept of aerobic granular sludge was first reported in the 1990s 

(Morgenroth et al., 1997), (Heijnen and van Loosdrecht, 1998), (Beun et al., 1999), (Dangcong et al., 

1999) and has been studied extensively since then. This technology was developed further at TU Delft 

and was marketed as Nereda® by Royal HaskoningDHV. There are now more than 60 aerobic granular 

sludge plants in operation. This technology is operated in a sequencing batch reactor (SBR) with 

granular sludge which has very high settling rates (de Kreuk et al., 2007a), (van Dijk et al., 2020a). 

Because of this, no clarifiers are needed and there is a short settling period in the SBR, allowing for 

reactor volumes to remain small (De Bruin et al., 2004). The phases employed in the Nereda® process 

can be seen in Figure 1.  

Due to the varied penetration of substrates and oxygen into the granule, different biological activity 

occurs at the surface of the granule than in the center (de Kreuk, et al., 2007b). This allows the granules 

to perform nitrogen and phosphorus removal in a smaller, single compartment reactor compared to 

typical enhanced biological phosphorus removal (EBPR) systems. 

AGS plants are operated to select for phosphorus accumulating organisms (PAOs) which dominate the 

granule population (de Kreuk et al., 2007a). During the feeding phase, PAOs hydrolyze poly-phosphate 

and glycogen to give energy for the uptake of volatile fatty acids (VFAs) which are stored as 

polyhydroxyalkanoates (PHA) (Metcalf et al., 1979). This occurs during anaerobic conditions and causes 

phosphate to be released into the water. During aerobic conditions, PAOs then grow on the stored 

PHA and simultaneously uptake phosphate from the water to replenish the poly-phosphate stores in 

the cell. This leads to a net removal of phosphate from the wastewater. In some operating AGS plants, 

biological phosphorus removal is not always sufficient to meet regulations. Iron dosing is commonly 

applied in these scenarios to meet regulations, which drives operational costs up. 

Initial lab scale research into AGS was performed using synthetic wastewater, commonly with feed 

with chemical oxygen demand (COD) in the form of VFAs (Beun et al., 2001) (de Kreuk et al., 2007b). 

This readily available form of substrate led to quick granule formation at the lab scale. Additionally, 

wastewaters with high VFA concentrations, such as some industrial wastewaters, frequently 

experience faster startup (faster formation of a mature granular bed) and more stable operation than 

those with low VFA concentrations, such as domestic wastewater (de Kreuk & van Loosdrecht, 2006). 

PAOs require approximately 20 mg VFA-COD/l to remove 1 mg/l of phosphorus (Smolders, G.J.F., 

1995). Because of this, it is expected that additional conversion of readily biodegradable COD (rbCOD) 

to VFAs is needed to consistently meet regulations in AGS plants that must currently dose iron. Several 

Figure 1: Nereda® phases 
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domestic plants must include an anoxic phase after aeration to denitrify because the amount of 

simultaneous nitrification denitrification (SND) is low (Pronk et al., 2015b). This is due to the ratio of 

rbCOD/N which is less favorable in low loaded full-scale systems. rbCOD is produced from hydrolysis 

of slowly degradable COD during aeration (Pronk et al., 2015a). While control systems to improve SND 

are available (van Dijk et al., 2020b), the rates are limited by hydrolysis. Pre-fermentation of influent 

has been proposed as a method to remedy these problems through conversion of rbCOD to VFAs, 

increasing availability of acetate during anaerobic feeding for improved EBPR and SND. 

It is suspected that increased loading of volatile fatty acids in wastewater can lead to increased 

phosphorus uptake capacity and simultaneous nitrification denitrification. Redesign of AGS influent 

buffer tanks for pre-fermentation has been proposed to increase VFA loading to AGS plants. This thesis 

explored what the impact of pre-fermentation of influent would be on AGS performance and the 

conditions necessary to achieve fermentation in a buffer tank. An AGS model was developed to 

determine the impact of increased VFA loading on performance and experiments were performed to 

better identify the conditions necessary to ferment domestic influent in a buffer tank. 

Granulation rate is also influenced by the VFA concentrations in influent. Uptake of VFAs (available 

from influent and through fermentation of rbCOD) in the anaerobic feeding phase is needed to grow 

PAOs preferentially over ordinary heterotrophic organisms (OHOs) (Haaksman et al., 2020) and 

maintaining PAO competition over OHOs is necessary to maintain granules with high settling velocities. 

Therefore, increases in VFA concentrations could lead to shorter startup time and could possibly 

eliminate the need for seeding reactors with granular sludge, leading to cost savings.  

1.1.1 COVID-19 
Due to COVID-19, unexpected time constraints for experimental work occurred. The fermenter was 

designed, built, and startup was initiated, however, process optimization was not possible before the 

COVID-19 crisis began. At this point, COVID-19 regulations did not allow for experiments to proceed. 

In the meantime, the focus of this thesis shifted to modeling.  After the first lockdown, the reactor was 

started up again. However, there was not enough time left for extensive troubleshooting. 

Investigations into the primary treatment system on site (at the prototype Nereda® in Utrecht) led to 

new insights. These insights both showed potential for fermentation in a different manner and 

revealed likely causes of unstable fermenter performance. 

1.1.2 Problem statement and research questions 
The purpose of this research was to gain insight into the operation of a pre-fermenter designed for 

AGS and to anticipate what the influence of pre-fermentation would be on AGS performance. The focus 

of the experimental research was on identification of the key conditions to ferment influent in a buffer 

tank. Modification of operational conditions and the specific sewage composition are also very 

important factors to consider in future research, but these were not within the scope of this thesis. 

Modeling is used to estimate the effect of a range of influent VFAs on performance. The range of VFAs 

modeled in the influent was based on the VFA concentrations observed in the experimental phase. 

The modeling gives an indication of how impactful pre-fermentation potentially is and if it is realistic 

to implement at existing or planned AGS plants. The combined results can be used as an indicator of 

the necessary pre-fermenter volume and operational parameters. This thesis sought to answer the 

following question: 

What is the influence of increasing VFAs on aerobic granular sludge performance and what are key 

mechanisms for fermentation of domestic wastewater? 

The overarching research question can be elaborated with the following subquestions: 
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1. What is the influence of pre-fermentation on phosphorus removal capacity? 

It was expected that higher concentrations of acetate in the influent would improve the phosphorus 

removal capacity. Large granules settle faster and are, therefore, present at the bottom of the sludge 

blanket and will receive the most substrate from the influent. Higher concentrations of VFA will allow 

for smaller granules to take up VFAs as well. Increased PHA storage across all granules could allow for 

more phosphorus removal over time. 

2. What is the influence of pre-fermentation on nutrient conversion rates? 

It was expected that the amount of phosphate release, phosphate uptake, and simultaneous 

nitrification denitrification would increase. The is because more acetate will lead to more PHA storage 

in the granules. Release and uptake of phosphate is related to PHA storage and SND is improved when 

more PHA storage is available in the anoxic zones of the granules. 

3. What is the role of different granule sizes in nutrient removal? 

It was expected that larger granules would contain relatively more PAOs than smaller granules. Inert 

cores were expected to be larger with increasing granule size due to diffusion limitations. This could 

mean that there is an optimal maximum granule size for efficient phosphate removal. Additionally, 

with low VFA concentrations, nitrifier concentrations were expected to be relatively higher in smaller 

granules due to reduced competition with PAOs (because of less PHA storage during feeding) and due 

to better penetration of oxygen and ammonium across the entire granule depth. This would mean that 

small granules are necessary to nitrify while large granules are necessary for phosphate removal and 

simultaneous nitrification denitrification. 

4. What is the fate and role of VFAs in an AGS system? 

It was expected that VFAs would be taken up primarily by larger granules due to their presence at the 

bottom of the sludge bed. It was expected that this effect would be more prominent when batch sizes 

are reduced because there will be less contact between smaller granules and substrate in the influent 

during feeding. VFAs are expected to be primarily stored as PHA in the PAOs anaerobically and then 

used for growth of PAO and storage of poly-phosphate aerobically.  

5. What VFA production rates are achieved in a pre-fermentation buffer tank and which variables 

are critical for stable fermentation? 

It was expected that up to 19 mg VFA g TSS-1 hr-1 could be produced through fermentation of influent 

(González-Barceló et al., 2006). It was expected that biomass which could be separated from the 

influent through settling would be formed and that an 8-hour hydraulic retention time (HRT) was 

sufficient to ferment domestic influent at 20°C.  

This report will detail the literature review, applied methodology, modeling results, experimental 

results, discussion, and then conclusions. 

1.2 Literature review 

1.2.1 Wastewater complexity and aerobic granular sludge 
As previously described, VFAs are converted to storage polymers by PAOs under anaerobic conditions. 

These storage polymers act as carbon donors for nutrient removal under aerobic conditions. Domestic 

wastewater is typically composed of a mixture of particulate and readily biodegradable substrates in 

addition to low concentrations of VFAs (Henze et al., 2008). While it is expected that hydrolysis and 

fermentation of influent COD leading to production of VFAs is performed by granules and flocs during 
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the anaerobic phase, the extent of this has not yet been quantified (Wagner et al., 2015). The quantity 

of available VFAs in full scale plants during the anaerobic feeding phase or during aeration is therefore 

unclear. 

Different influent characteristics have been seen to lead to different granule characteristics, start-up 

times, and performance. It has been observed that faster granulation and better settleability occurs 

with feed composed of rapidly diffusible substrates (de Kreuk et al., 2007a) (Pronk et al., 2015a). 

Maintaining preferential conditions for slower growing PAOs over ordinary heterotrophs (OHOs) is 

critical for maintaining stability of the AGS process. Layer et al. (2019) found that complex influent led 

to fermenters outcompeting PAOs, however, this does not match the experiences from practice (Pronk 

et al., 2015b). Haaksman et al. (2020) found that maintaining anaerobic uptake of rbCOD was key to 

maintaining the competitive advantage of PAOs over OHOs.  

AGS performance is also influenced by the complexity of substrate in the feed as this impacts the 

availability of the carbon source for denitrification and phosphorus removal (Morgenroth et al., 2002). 

Differences in the diffusion rate of soluble substrates influence where carbon sources are available in 

a granule and the fate of particulates is, until now, unclear (Wagner et al., 2015). Soluble substrates 

diffuse into the granules and VFAs are stored as PHA. The size of the granules influences how deep 

these carbon sources are available, which in turn influences the amount of simultaneous nitrification 

denitrification (de Kreuk et al., 2010). Deeper penetration of VFAs allows for PHA available in the anoxic 

zone of the granules for denitrification. PAOs can also consume VFAs aerobically, therefore, acetate 

which has yet been consumed anaerobically or rbCOD which is fermented in the granule can still be 

taken up. It has been observed that starch is adsorbed to the granules, hydrolyzed, and then substrate 

could diffuse into the granule. It is expected that other particulate substrates in domestic wastewater 

similarly do not diffuse into the granules (Carlson & Silverstein, 1998) and that flocculent biomass is 

largely responsible for conversion of particulates due to higher surface area. However, the mechanisms 

behind hydrolysis of particulates in AGS systems are difficult to determine and are not yet clear. 

The use of influent pre-fermentation to increase VFA concentrations has recently been proposed for 

application in AGS plants (Yuan et al., 2020). The use of pre-fermentation with glucose feed has been 

explored, however, complex influent has not yet been utilized. Despite the lack of research on the 

topic, designs have already been proposed with pre-fermentation buffer tanks. This is a research area 

that needs to be addressed. 

1.2.2 Mathematical modeling of aerobic granular sludge 
Mathematical models are commonly applied to explore research questions which are difficult or very 

time-consuming to perform experimentally, especially considering the long SRT for AGS reactors. 

Aerobic granular sludge has been described with many models (Beun et al., 2001) (Su & Yu, 2006) (de 

Kreuk et al., 2007b) (Winkler et al., 2015) (Dold et al., 2018) (Baeten et al, 2018). In these models, a 1-

D biofilm approach is commonly used where the spherical granules are discretized into concentric 

layers from the core outward. Reactions within each granule layer are calculated using Monod kinetics 

and diffusion equations are used to find the transfer of substrates across the granule layers and into 

the bulk liquid. Diffusion is driven by the concentration gradients between the outer granule layer and 

the bulk liquid as well as those present between the granule layers. Reactions are commonly described 

with activated sludge models (ASM) which have been found to accurately describe lab-scale granular 

reactors.  

Despite the numerous available models, there are still gaps between the behaviors that models 

describe and observations from practice. It is suspected that this is related to several factors. Few 

models have attempted to describe a reactor with multiple granule sizes. Additionally, the effect of 
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plug flow feeding into a settled sludge bed has not been explored. This was expected to have a large 

influence due to the variable availability of substrate over the sludge bed. Plug flow feeding also 

induces higher concentration gradients between the liquid and granules than would occur in a mixed 

feeding phase. Many models have been used to describe conditions at lab scale, typically with high 

acetate concentrations. As lab scale models do not include the separation of different forms of influent 

COD, these models cannot accurately predict the behavior of full-scale plants which receive influent 

with a large proportion of particulate COD. Layer et al. (2020) modeled AGS to compare lab scale 

conditions with full scale conditions through inclusion of particulate COD, readily degradable COD, and 

VFAs. However, this model utilized a mixed bulk liquid and did not successfully include adaptations for 

plug flow and settling. Because of this, the variability in storage polymers for granules spread over the 

sludge bed could not be captured.  

This thesis sought to bridge these modeling gaps in addition to exploring the influence of increasing 

VFA concentrations in domestic wastewater to gauge the extent to which pre-fermentation improves 

AGS performance. 

1.2.3 Fermentation and influent characteristics 
The ideal conditions for hydrolysis and fermentation of influent have been identified for application to 

anaerobic wastewater treatment technologies such as upflow anaerobic sludge blanket (UASB) and 

expanded granular sludge bed (EGSB). The influent characteristics themselves alter the process as 

different pathways are followed for proteins, carbohydrates, and lipids. A general schematic for 

anaerobic digestion can be seen in Figure 2. 

 

Figure 2: Schematic of anaerobic degradation pathways , adopted from (Henze et al., 2008) 

In order to optimize VFA production, hydrolysis and acidogenesis must be optimized and 

methanogenesis must be inhibited. Hydrolysis is most commonly the rate limiting step for digestion of 

domestic wastewater (Henze et al., 2008). For ease of analysis and comparison of different wastewater 

treatment plants, the COD of influent is typically divided into the following categories: inert, slowly 

biodegradable, fermentable, and readily available (VFAs) (Henze et al., 2000). 

To ferment domestic wastewater, the two primary parameters that need to be controlled to perform 

specific anaerobic conversions are solids retention time and contact between the sludge and the 

wastewater (Henze et al., 2008). Several operational parameters are also important for achieving 

fermentation such as temperature and pH. Literature indicates that an SRT ranging from 2 to 8 days at 

ambient temperatures will lead to fermentation of domestic wastewater without favoring the growth 

of methanogenic bacteria (Miron et al., 2000) (Danesh & Oleszkiewicz, 1997) (Bouzas et al., 2007). The 

largest increase in fermentation was seen when the SRT was increased from 0 to 3 days. Fermentation 
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proceeds with HRTs from 2.5 to 10 hours at temperatures from 14 to 26°C (Yuan et al., 2011) (Metcalf 

et al., 1979). Different configurations have been tested to separate the SRT and HRT to perform 

fermentation with smaller reactor sizes such as sequencing batch reactors (SBRs), hydrolytic upflow 

sludge beds (HUSBs), and activated primary clarifiers (APC). Psychrophilic temperatures have also been 

seen to lead to fermentation in full scale installations (Münch & Koch, 1999). 

1.2.4 Pre-fermentation for EBPR 
The topic of fermentation of raw influent and primary sludge has been explored extensively in regards 

to optimizing enhanced biological phosphorus removal (EBPR) (Nicholls et al., 1985) (Abu-Ghararah & 

Randall, 1991) (Münch & Koch, 1999). Table 1 shows a review of technologies which have been 

investigated for influent fermentation and production of VFAs for EBPR processes. Due to the batch 

cycles used with AGS, a buffer tank is commonly used to regulate the flows. Several technologies 

investigated for fermentation of influent for EBPR could be applied in a buffer tank configuration for 

AGS plants. 

Table 1: Pre-fermentation of domestic wastewater , configurations from literature and VFA production rates 

Configuration Inf. COD 
(mg/l) 

Org. Loading (kg 
COD m-3 d-1) 

HRT 
(hrs) 

SRT (days) Temp (C) VFA production rates 

SBR 
(González-Barceló 

et al., 2006) 

-  0.62-0.72  8 2-8 22 - 31 633 g VFA m-3 d-1  
 
449 mg VFA g TSS-1 d-1  

HUSB 
(Ligero et al., 

2001) 

525- 710   2.2-4.4   20 426-884 g VFA m-3 d-1 
 
36.2-74 mg VFA g VSS-1 d-1 

HUSB 
(Alvarez et al., 

2003) 

360- 470 1.2 - 3.9 2.9-7.1 10-50 16-20 237-513 g VFA m-3 d-1 
 
23.2-74.4 mg VFA g VSS-1 d-1 

HUSB 
(Alvarez et al., 

2008) 

100- 500 0.5-3.2 2.8-5.7 28.8 14-21 16-534 g VFA m-3 d-1   
 
1.4-44.6 mg VFA g VSS-1 d-1 

 

2. Methodology 

2.1 Mathematical modeling 

2.1.1 Building blocks 
Several models are available for different parts of the AGS process, but to be able to model the fate of 

VFAs in an AGS reactor, an integrated approach was necessary. In the ongoing PhD projects of 

Haaksman and van Dijk, such a model has been developed. However, this model lacked an extensive 

description of biological conversions. In this thesis, this model was extended to include these reactions 

according to the ASM2d model (Henze et al., 2000) with corrections by Hauduc et al. (2010), both in 

the biofilm and the bulk liquid. This model was built in Python and later optimized with the use of 

Numba. The model was composed of three key components to describe flow, settling, and 

reaction/diffusion, as detailed below. 

Flow model 

The plug flow feeding in the reactor was simulated with an axial dispersion model as described by 

Degaleesan and Dudukovic (1998) with an added convection term (van Dijk et al., 2018).  
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As described in van Dijk et al. (2018), c  is the concentration in the bulk liquid, axD  is a coefficient 

which includes turbulent dispersion and convection, x  is reactor depth, and v  is the liquid upflow 

velocity.   

Settling model 

To determine which granules receive VFAs and which granules do not, the distribution of granules in 

the reactor must be described. This was done with the settling model adapted from the Richardson 

and Zaki model (Richardson and Zaki, 1954). The adapted model, as described by van Dijk et al. (2020a), 

included the settling of individual granules. Hereto the apparent voidage fraction ( ei ) was used to 

convert individual granules to bulk behavior: 

( )
1

3
31 [1 1 1 ]

avg

ei

i

d

d
 

− −   
= − + − −   

  
                    (2) 

Where avgd is the average diameter of all granules, id is the diameter of a granule size fraction, and   

is the voidage of the reactor.  

Since this model was based on an adapted version of the Richardson and Zaki model, this model could 

accurately describe the settling behavior of the granules, as well as the fluidization and segregation of 

granules in the settling phase. 

Reaction model 

The reaction model had two parts: the reaction in the granule and the reaction in the bulk liquid. For 

the former, a reaction/diffusion model was used, based on a Crank Nicolson (Crank and Nicolson, 1947) 

discretization of Fick’s law, including a reaction term. For the reaction term, the ASM2d matrix was 

added to the model. For ease of modification of model parameters, the matrix and parameters were 

maintained in an Excel document, as built by Schroeten, I. (2019). Since in this model, individual 

granules (representing granules of a similar size) were described, every granule had its own state of 

components of the ASM2d model.  

For the bulk liquid, the ASM2d model was added as a reaction term. Coupling between the bulk liquid 

and the biofilm was done by describing the external mass transfer.  

−𝐷𝑖
𝜕𝐶𝑠,𝑖

𝜕𝑥
|

𝑥=𝐿𝑠
= 𝑘𝑖,𝑆𝐿(𝐶𝐿,𝑖 − 𝐶𝑆,𝑖)            (3) 

Where 𝐷𝑖  is the diffusion coefficient for each solute, 𝑖, 𝑥 is the depth of the boundary layer, 𝐶𝑆,𝑖 is the 

concentration of the solute in the outermost layer of the granule, 𝐶𝐿,𝑖is the concentration in the bulk 

liquid. 𝑘𝑖,𝑆𝐿 (in m/s) was determined based on a correlation with the Sherwood number. 

𝑘𝑖,𝑆𝐿 =
𝑆ℎ∗𝐷

𝑑
              (4) 

The Sherwood number was determined by considering two possible porosities: that similar to a 

complete packing or medium packing bed.  

In Fan et al. (1960), a complete packing bed (around 50% porosity) is described with a Sherwood 

number: 
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 𝑆ℎ =  2 + 1.51 ∗ ((1 − 𝜀) ∗ 𝑅𝑒)
1

2 ∗ 𝑆𝑐
1

3           (5) 

In Cussler, E. L., (2009), a medium packing bed (around 80% porosity) is described with a Sherwood 

number: 

𝑆ℎ =  2 + 0.6 ∗ (𝑅𝑒𝑐)
1

2 ∗ 𝑆𝑐
1

3           (6) 

The included symbols are as follows: 
 
ε: voidage (-) 
Re: particle Reynolds number, Re = ρvdp/µ 
Rec: particle Reynolds number corrected using local liquid velocity around granule, Re = ρvpdp/µ 
Sc: Schmidt number, Sc = (µ/ρ)/D 
v: empty column superficial velocity (m/s) 
vp: local liquid velocity around the particle (m/s) 
µ: dynamic viscosity (Pa*s) 
ρ: displaced liquid density (kg/m3) 
D: diffusion coefficient of chemical (m2/s) 
 
In this model, only solutes could diffuse into the granule, therefore particulates could only be 

converted in the bulk reactions. Flocculent biomass could be included in the bulk for these conversions; 

however, this was not applied for the described scenarios. This can be included in the future. Growth 

of granules was not included; the initial diameter was kept constant. To see the effect of changes in 

species in the granule, a redistribution was applied.  

Changes in biomass populations in the granules 

Several models which described the growth of granules have found that the biomass populations are 

not stable until 200 to 800 days have passed (de Kreuk et al., 2007b) (Winkler et al., 2015). These 

periods are significantly longer than the SRT of 30 days which is typically applied to AGS plants (Ali et 

al., 2019). This shows that a steady state for granule populations is likely never achieved in practice. 

Because this thesis aimed to identify the short-term effect of different VFA concentrations on granules, 

growth was not included. Granule sizes were set to be constant in the model. The summed 

concentration of particulates within the granule were maintained at a constant concentration: 50 kg 

TSS/m3. Each time step, the distribution of the biomass and particulates in the granule were 

redistributed after growth and decay such that the total TSS concentrations and granule size were 

constant over time. The starting distribution of species and storage polymers was determined after 

reaching stable conditions in the simplified model. 

After each time step, the re-distribution for all species, i, was calculated for each layer of each granule. 

𝑋𝑖,𝑡+1 ∶=  
𝑋𝑖,𝑡+1

∑ 𝑋𝑖,𝑡+1
𝑁
𝑖=0

∗  ∑ 𝑋𝑖,𝑡
𝑁
𝑖=0                (7) 

2.1.2 Single granule diameter model 
Because this model was developed concurrently with the ongoing PhD work of Haaksman and van Dijk, 

initially, a model was developed which described the behavior of one granule size (single granule 

model). This model did not include the flow or settling models; therefore, a uniform mixed bulk liquid 

was used for all phases. The goal of this model was to identify a reasonable species distribution across 

the granule to implement in the multi-granule model. This model also allowed for testing of the 

implementation of ASM2d kinetics in the framework which was under development for the PhD work 

of Haaksman and van Dijk. The simplifications also allowed for long runs to be performed quickly to 
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reach semi-steady state conditions. This simplified model described the reactions and diffusion into 

granules of only one size (2.2 mm diameter). In this model, settling and plug flow feeding into a settled 

bed were not yet incorporated therefore the reactor bulk liquid was equivalently mixed during all 

phases.  

In this model, 8 g TSS/l of granules (with a diameter of 2.2 mm) were included in a lab scale reactor of 

3 L volume. Granule growth was not implemented, rather redistribution of species within each granule 

layer was implemented (as described in the methods). An exchange ratio of 40% was applied with the 

following influent concentrations: 400 mg/l acetate, 80 mg/l rbCOD, 45 mg/l ammonium, and 8 mg/l 

phosphate. A one hour feeding phase was used where concentrations were increased incrementally 

for six minutes (to avoid large concentration gradients to maintain stable diffusion). The aerobic phase 

was controlled with proportional integral derivative (PID) controller with a dissolved oxygen (DO) 

setpoint of 1 mg/l and kla of 3 hr-1. The length of aeration was controlled with a stopping setpoint of 4 

mg/l ammonium.  

The single granule diameter model was run under these conditions until steady state conditions were 

reached. The bulk concentrations over time and the steady state cycle for this model can be found in 

Appendix B. Figure 3 shows the steady state distribution of species and storage polymers over the 

granule radius.  

Figure 3: Granule profile for 2.2 mm granule during steady state conditions with influent concentrations: 400 mg/l acetate, 
80 mg/l rbCOD, 45 mg NH4/l, 8 mg P/l, 40% exchange ratio, and 8 g TSS/l. 

These distributions were obtained after correcting for mathematical errors in the profiles (original 

profiles can be seen in Appendix B). Linear interpolation was used to replace outlier values in the 

curves. This corrected steady state granule profile was used to define the initial conditions across the 

granules for the multi-granule model. For the multi-granule model, the same profile was applied for 

all granule sizes.  

2.1.3 Simulations 
Two different simulations were run for the multi-granule model. Pre-fermentation was simulated 

through increasing acetate concentrations (and equivalently reducing rbCOD concentrations) for 50, 
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100, and 150 mg VFA-COD/l. Additionally, the effect of varying the exchange ratio was simulated 

through reducing the batch size from 50%, 25%, and 12.5%. In the exchange ratio simulations, the 

upflow velocity was the only parameter changed to achieve the different batch sizes. The influent 

concentrations were constant; therefore, the loading was reduced. The feeding time was kept constant 

at one hour and 100 mg VFA-COD/l was used. One additional simulation was performed by adjusting 

the exchange ratio to 25% by shortening the anaerobic feeding time and maintaining the same upflow 

velocity. For the exchange ratio runs, it was necessary to set nitrate concentrations to zero at the end 

of each cycle to avoid significant amounts of pre-denitrification within the granule volumes with low 

VFA loads and low SND.  

2.1.4 Influent characteristics and model parameters 
The influent COD fractionation in wastewater can vary at different wastewater treatment plants and 

is not commonly measured. The COD fractionation as detailed in Henze et al. (2008) was used assuming 

a total COD of 600 mg/l (see Table 2). Readily biodegradable COD is typically around 20% of the total 

COD and acetate was set according to a range found in practice (and the rbCOD was altered 

respectively). The key model and influent characteristics used for each simulation can be found in Table 

2.  

Table 2: Model parameters and influent characteristics 
*three runs with varying VFA concentrations and rbCOD were performed with a 50% exchange ratio 

**distribution from reactor 4 in Utrecht WWTP on 3/10/2019 (concentrations are ordered respective to the listed diameters) 
***three runs with varying exchange ratios were performed with constant influent characteristics (using 100 mg/l acetate) 

 Multi-granule model 

Influent VFA (mg COD/l) 50, 100, 150* 
Influent rbCOD (mg COD/l) 117, 67, 17* 

Influent NH4 (mg N/l) 60 
Influent PO4 (mg P/l) 10 

Reactor height (m) 1.5 
Reactor volume (l) 3 

Granule diameters (mm)  0.21, 0.51, 0.8, 1.2, 1.7, 2 
Biomass concentration (g TSS/l) 0.67, 0.27, 0.5, 1.06, 2.03, 1.47** 

Exchange ratio 0.5, 0.25, 0.125*** 
DO setpoint (mg/l) 2.0 

Kla (hr-1) 10 
dt (s) 1 

Feed phase (hrs) 1 
NH4 setpoint for end of aeration phase 

(mg/l) 
1 

 

A list of all model parameters can be found in Appendix A. 

2.1.5 Assumptions and modifications 
The following modifications were applied to ASM2d kinetics: 

• PAO decay factor was reduced to 0.05 as it has been found to be significantly lower in practice 

(Lu et al., 2007) 

• PAO decay only occurred aerobically. This was based on research which showed negligible 

decay of PAOs under anaerobic and anoxic conditions (Lu et al., 2007). 

• PAO and heterotroph limitations on ammonium and phosphate were removed. This is because 

the model did not include organic sorbed ammonium or phosphate. In full scale plants, 

ammonium and phosphate are not limiting for PAO or heterotrophs. This is due to the 

presence of sorbed nutrients in extracellular polymeric substances (EPS). Literature has shown 

that bacteria adapt EPS to store additional nutrients when limitations would otherwise occur. 
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• A maximum ratio of 0.5 g PHA/g PAO was set in the granules. Although the maximum may be 

different, this assumption was used to avoid unrealistic concentrations of PHA in the granules. 

The complete description of the kinetics used for the model can be found in Appendix A. 

2.2 Fermentation experiments 
To better understand how to apply pre-fermentation in the context of an AGS plant, an anaerobic SBR 

tank was operated and monitored from June - October 2020.  This will be referred to as the fermenter. 

The fermenter was fed influent from a prototype AGS system. Due to difficulties with startup of the 

fermenter, analysis was performed on the treatment scheme prior to the fermenter. It was determined 

that fermentation was primarily occurring in the grit removal tank and buffer tank prior to the intake 

point for the fermenter. The details of the configuration can be seen in Figure 4. 

2.2.1 Fermentation SBR 
A 28.6-L automated fermenter was designed and then built from PVC as shown in Figure 5. 

 

Figure 5: 28.6-L fermenter 
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3
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3
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3
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Figure 4: Configuration of PNU 
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The fermenter was located at the Utrecht WWTP at a prototype Nereda®, henceforth referred to as 

the PNU. The PNU receives influent from the Utrecht region. The influent passes through rotating 

screens, a sand trap, and then a buffer tank before entering the Nereda® tank. 

The sand trap and buffer tank are each 77 m3. The horizontal velocity through the sand trap during this 

period was 0.02-0.03 m/s. This is ten times lower than the typical design criteria for grit removal 

(Metcalf et al., 1979). This system is used for research purposes and the configuration in use led to this 

unintended hydraulically underloaded state. The PNU is 1000 m3 and has a loading rate of 0.08 kg COD 

kg MLSS-1  d-1. 

The fermenter received influent pumped from the buffer tank with a hose pump with a pumping rate 

of 1 L/m. An exchange ratio of 0.45 was used (13 liters of influent were added per cycle). An aquarium 

heater was used to maintain a temperature of 20°C. Additionally, a shade cloth was installed to 

minimize solar influence on the temperature. During the reaction phase, the reactor was mixed with 

an impeller with two blades attached to a 65 rpm DOGA motor. A settling phase is then performed 

with no mixing and a selection pressure of 1.5 m/h was used. An electrical ball valve (JP Fluid Control) 

is opened to decant the supernatant (13 liters per cycle). The fermenter cycles were controlled with a 

Raspberry Pi. The phase schedule and settings can be seen in Table 3. Two phases were defined with 

HRTs as shown below. Additionally, during phase 2, the fermenter feeding phase occurred while 

influent was flowing to the PNU during feeding. 

Table 3: Fermenter operational settings and phase schedule 

 
Phase 1 Phase 2 

HRT (hours) 8 16 

Feed 13 min 13 min 

React 7 hrs, 32 min 7 hrs, 32 min 

Settle 12 min 12 min 

Discharge 3 min 3 min 

SRT (d) 1.6 ± 0.4 7.9 ± 3.1 

Temperature (deg C) 20.9 ± 3.4 21.3 ± 5.8 

 

In addition to manual sampling from the fermenter, manual samples were collected from the pumping 

station, grit removal tank, and buffer tank. Automatic samples were taken from the buffer tank based 

on time (instead of preferably flow) to form daily composite samples. The intake for these samples 

was located on the far end of the buffer tank while the fermenter received influent pumped from the 

middle of the buffer tank. 

2.2.2 Fermentation batch tests 
To determine the fermentation activity of the biomass present in the system, batch tests were 

performed. A modified biochemical acidogenic potential (BAP) test was performed following the 

protocol described in Ruel et al. (2002). The redox of each bottle was checked to ensure anaerobic 

conditions in place of sparging nitrogen gas. As the goal of the test was to determine the difference in 

fermentation activity, biomass was added to each bottle. Raw influent collected from the pumping 

station for the PNU was fermented by biomass from the fermenter, settled sludge from the grit 

removal tank, and biofilm from the walls of the grit removal tank. Because the expected increase in 

VFAs was small (per the rates observed in the fermenter), it was desirable to minimize VFA production 

on products of biomass degradation itself. Therefore, the volume of added biomass was such that the 

total COD from the biomass was lower than the total COD from the influent. Additionally, controls 

were performed using the influent and each of the biomass samples separately. 
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2.2.3 Lab analysis 
Samples were filtered directly through a 0.45 𝜇m filter for VFA analysis with Hach LCK365 kits for 

indicative results. Additional filtered sample was immediately frozen and final analysis was performed 

with gas chromatography (GC). For GC analysis, pentanol was added as an internal standard and the 

sample was acidified with formic acid. Total COD and soluble COD (after filtration through paper filters 

of 47 um) was measured with Hach LCK514 kits. TS, TSS, and VS were measured on fresh samples 

following standard procedures (Association et al., 1915). 

2.2.4 Online measurements 
The fermenter was fitted with a temperature probe, pH probe (Atlas Scientific), and level sensor. These 

were placed in the top half of the reactor and measured continuously. A Hach online VFA analyzer 

(EZ7250) was installed to sample from the PNU buffer tank in September. This analyzer sampled from 

a continuous fast loop which circulated influent from the PNU buffer tank at a speed of 3 m3/h.  
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3. Results: Modeling 
Modeling was performed to determine the influence of pre-fermentation on aerobic granular sludge 

performance and to identify the key principles involved. The multi-granule model was used to show 

the effect of short-term changes caused by pre-fermentation of influent. The results of this model are 

detailed in this section. 

The multi-granule model includes granules of different diameters, the settling model, and the plug flow 

feeding model. The multi-granule model was used to compare the effect of different concentrations 

of influent acetate and rbCOD to simulate the effect of pre-fermentation of readily biodegradable COD 

on the phosphate and nitrogen conversions.  The model used granule diameters of 0.21, 0.51, 0.8, 1.2, 

1.7, and 2 mm with concentrations of 0.67, 0.27, 0.5, 1.06, 2.03, and 1.47 g TSS/l respectively 

(distribution from reactor 4 in Utrecht on 3/10/2019). The initial species distribution for all granules 

was based on the steady state profiles found for the single granule diameter model (from Figure 3). 

The concentration of each species per granule volume was kept constant by interpolating the 

concentrations across the granule layers based on the percent depth into the radius (as described in 

the methods). 

Three runs were performed, with all settings kept constant except the influent acetate and rbCOD 

concentrations. The acetate concentrations were 50, 100 and 150 mg/l and the corresponding rbCOD 

concentrations were 117, 67, and 17 mg/l. The detailed model parameters for all runs can be seen in 

Appendix A. This results section will first detail the changes observed in a cycle with stable nutrient 

removal and then show the changes in the performance over time. Finally, details about the 

differences observed in granules of different sizes will be shown.  

For all runs, an exchange ratio of 50% was used with influent characteristics: 600 mg total COD/l, 60 

mg ammonium/l, and 10 mg phosphate/l. In the graphs of reactor bulk concentrations through all the 

phases, the bulk concentration is displayed as an average over the reactor. This is accurate due to 

mixing during aeration. However, the concentrations shown in the graph during feeding are not 

representative of the concentrations which were modeled to be in contact with granules during 

anaerobic plug-flow feeding.  In full scale systems, the collected data will show ammonium and 

phosphate peaks after mixing begins due to sampling from the top of the reactor. 
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Each of the runs went through a period of initialization where nutrient removal capacity was increased, 

stable conversions of ammonium and phosphate, and then a deterioration of phosphate conversion 

processes. These periods will be described in more detail later. Firstly, an example of the cycles with 

stable removal with different influent acetate concentrations can be seen in Figure 6.  

Figure 6: Averaged reactor bulk concentrations over a cycle during the stable conversion phase. (a) 50 mg/l acetate, (b) 100 
mg/l acetate, (c) 150 mg/l acetate. Oxygen concentrations are indicated on the right axis (O2) while all other concentrations 
are on the left axis (bulk). 50% exchange ratio is used with influent characteristics: 600 mg tCOD/l, 60 mg NH4/l, 10 mg 
PO4/l. Modeled granule sizes: 0.21, 0.51, 0.8, 1.2, 1.7, and 2 mm with respective concentrations: 0.67, 0.27, 0.5, 1.06, 2.03, 
and 1.47 g TSS/l. Note that during plug flow feeding, average concentrations over the reactor are displayed although 
concentrations vary over the reactor depth. 

The cycle began with plug flow feeding through a settled granule bed and decant from the top of the 

reactor (as shown in Figure 1). During feeding, ammonium and phosphate increased as influent was 

fed. Phosphate also increased due to the release of poly-phosphate stores from PAOs anaerobically to 

provide energy to store acetate as PHA. Because of the plug flow feeding, effluent with remaining 

nitrate and oxygen from the previous cycle was discharged while the influent remained anaerobic. 

Denitrification during an anoxic phase was not included in the model, therefore, nitrate concentrations 

were higher than typically seen in practice. At the end of feeding, in every run, there was a small 

amount of remaining acetate and/or readily biodegradable COD in the bulk. Once aeration began, 

acetate and readily biodegradable COD was consumed preferentially by heterotrophs. This affected 

the competition between heterotrophs and PAOs. In the ASM2d kinetics, PAOs can take up acetate 

aerobically. 

During aeration, oxygen concentrations were controlled with a PID controller. The PID controller 

increased the oxygen added to the system by both considering the difference between the DO setpoint 

and the current oxygen concentrations in the liquid and the history of how much oxygen was added. 

(a) (b) 

(c) 

Feed           Aerate Feed           Aerate 

Feed           Aerate 

0.0          0.5         1.0         1.5          2.0         2.5        3.0         3.5 

Hours 

0.0            0.5            1.0             1.5            2.0             2.5          3.0         

Hours 

0.0            0.5            1.0             1.5             2.0             2.5                 

Hours 



23 
 

Because of this effect, jumps in the oxygen concentrations sometimes occurred (as occurs in Figure 

6a). 

The applied oxygen transfer coefficient (kla) was high (10 hr-1) so the DO setpoint of 2 mg/l was reached 

almost immediately. Phosphorus was taken up aerobically by PAOs and growth of PAOs occurred under 

aerobic conditions. Additionally, nitrifiers converted ammonium to nitrate under aerobic conditions. 

Depending on the availability of PHA in deeper anoxic zones in the granules, simultaneous 

denitrification could be performed during aeration. The length of the aerobic phase was determined 

with a stopping setpoint of 1 mg/l of ammonium.  Once this setpoint was reached, the aeration 

stopped and settling occurred. The cycle then began again. No wasting was performed because of the 

method applied to maintain constant biomass concentrations (as described in the methods section).   

As mentioned previously, the runs went through three stages: initialization, stable removal, and 

deterioration of removal processes. All runs started with identical initializations in the granules (from 

the single granule model) which had too few autotrophs to perform complete nitrification. This led to 

ammonium in the effluent during phase i. Therefore, all runs began with an increase in autotrophic 

populations to develop sufficient ammonium removal capacity (initialization). Ammonium oxidizing 

bacteria (AOB) and nitrite oxidizing bacteria (NOB) were not modeled separately in ASM2d kinetics. 

Nitrification was therefore simplified as a one-step process as ammonium converted directly to nitrate 

in the model. Stable nutrient removal profiles were reached, within 4-5 days of operation (equivalent 

to within 30 cycles). The progression of the cycles can be seen in Figure 7 for each of the runs. The 

stable removal period was characterized by the complete removal of ammonium and phosphate 

(effluent quality showed less than 1 mg/l for both). In the final phase, phosphate removal capacity 

declines, and effluent concentrations exceeded 1 mg/l.  
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Figure 7: Bulk concentrations over time at the end of feeding (left) and in the effluent (right), (a, d) 50 mg/l acetate, (b, e) 
100 mg/l acetate, (c, f) 150 mg/l acetate. The rbCOD, acetate, and phosphate concentrations at the end of feeding are seen 
in (a), (b), and (c) while the effluent concentrations of ammonium, nitrate, and phosphate are seen in (d), (e), and (f). The 
division between the 3 phases (i=initialization, ii=stable removal, and iii=deterioration of removal) are marked with dashed 
lines. 

Figure 7a-c show that at the end of feeding, the acetate and rbCOD were not completely consumed. 

This allowed for COD to be consumed aerobically, preferentially by heterotrophs in the system. 

The loss of phosphorus removal capacity in all runs can be seen in in the effluent phosphate 

concentrations for each cycle shown in Figure 7d-f. The run lengths were varied to capture this 

behavior. For the model run with 50 mg/l of acetate, within 8 days of operation (around 50 cycles), the 

phosphate effluent concentrations exceeded the threshold of 1 mg/l. With 100 mg/l and 150 mg/l 

acetate it took around 15 and 23 days respectively for the same increase in effluent concentrations to 

begin in the model. The variability in each cycle for all parameters was due to the stochastic nature of 

the model. Granule positioning was randomized during aeration which causes the settled sludge bed 

i       ii     iii       i       ii     iii    

    

i              ii                 iii       i              ii                 iii       

(e) (b) 

i                     ii                                iii       i                     ii                                iii       

(f) (c) 

(d) (a) 
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to form with different granules at the bottom for each cycle. If a small granule was located at the 

bottom of the reactor at the end of the aeration phase, it remained at the bottom. Thereby received 

more substrate during feeding than the average small granule which was located at the top of the 

sludge bed due to slower settling rates. This random process was hypothesized to occur in practice. 

Therefore, the phosphate release and subsequent effluent quality showed some variability even during 

the stable removal period.  

The average rates observed in the runs during stable removal can be seen in Table 4. The rates were 

all calculated based on the changes observed in the reactor bulk liquid. While ammonium and 

phosphate are both also removed for growth of biomass, this was not separated in the rate 

calculations.  

Table 4: Average nutrient conversion rates during the stable removal phase ii 

Rates 50 mg/l 
acetate 

100 mg/l 
acetate 

150 mg/l 
acetate 

Ammonium removal  
(mgL-1hr-1) 

11.4 12.9 13.4 

Simultaneous 
denitrification  
(mgL-1hr-1) 

0.9 1.5 2.1 

Phosphate release  
(mgL-1hr-1) 

12.3 14.0 19.6 

Phosphate uptake 
(mgL-1hr-1) 

16.1 18.4 18.2 

 

As acetate concentrations increased, ammonium removal, simultaneous nitrification denitrification, 

and phosphate release rates all increased.  

Figure 8 shows the distribution of species and storage polymers across the radius of granules of 

different sizes (small (0.21 mm diameter), medium (0.8 mm), and large (2 mm) granules) during the 

stable period for the run with 150 mg/l of acetate.  

The concentration profiles when 50 and 100 mg/l of acetate were applied can be found in Appendix C 

(with all granule sizes included). Similar profiles across different granule sizes were observed at all 

acetate concentrations, although more heterotrophs and fewer autotrophs were present with 

increasing rbCOD concentrations. The displayed profiles are at the end of the aeration phase.  
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Figure 8: Average concentrations across the granule radius for each size fraction once stable removal is reached, using 150 
mg/l acetate in the influent where (a) is 0.2 mm granule, (b) is 0.8 mm granule, and (c) is 2 mm granule 

The distributions reflect the average of all the granules with the selected radius. The figures from left 

to right show the smallest (0.21 mm), middle (0.8 mm), and largest (2 mm) granule size. The profiles 

for granules of 0.5, 1.2, and 1.7 mm diameter can be found in Appendix C. It can be observed that all 

granules contained a primarily inert core (brown line). The larger granules were, the larger the inert 

core was, and the active layer shifted toward the outer layers. The largest concentration of PAOs in 

the granule could be found in the medium sized granules while the largest concentrations of 

autotrophs and heterotrophs were found in the smallest granules. In all granules and in all runs, the 

PHA was completely depleted at the end of the aeration phase. 

The difference in species across granules was related to the availability of substrate over the settled 

sludge bed during anaerobic feeding. This can be seen through the variability in PHA storage for 

granules of different sizes. Figure 9 shows the PHA stored in each granule size fraction in total during 

each cycle.  

Figure 9: Average PHA storage over per granule size (g COD/m3 reactor), for each granule size and run with increasing VFA 
concentrations 

0
1
2
3
4
5
6
7
8
9

10

0.21 0.51 0.8 1.2 1.7 2P
H

A
 s

to
ra

ge
 (

g 
C

O
D

/m
3

 r
ea

ct
o

r)

Granule diameter (mm)

50 mg/l acetate 100 mg/l acetate 150 mg/l acetate

(a) (b) (c) 

G
ra

n
u

le
 c

o
re

 

O
u

ts
id

e 
o

f 
g

ra
n

u
le

 

G
ra

n
u

le
 c

o
re

 

O
u

ts
id

e 
o

f 
g

ra
n

u
le

 

G
ra

n
u

le
 c

o
re

 

O
u

ts
id

e 
o

f 
g

ra
n

u
le

 

In
si

d
e 

g
ra

n
u

le
 

 

O
u

ts
id

e 
g

ra
n

u
le

 

  

O
u

ts
id

e 
g

ra
n

u
le

 

  
In

si
d

e 
g

ra
n

u
le

 

 O
u

ts
id

e 
g

ra
n

u
le

 

In
si

d
e 

g
ra

n
u

le
 

 



27 
 

Granules of 1.2 mm diameter stored the most PHA in the reactor, followed by 1.7 and 0.8 mm diameter 

granules.  

Figure 10 shows the contribution of each granule size fraction to uptake of phosphate in the reactor. 

These figures are all from the run with 100 mg/l acetate. In these figures the accumulation of poly-

phosphate over time (because there is no SRT control) in the granules can be seen. The figures for 50 

m/l and 150 mg/l acetate can be found to show similar trends in Appendix D.  

Figure 10: Poly-phosphate storage per granule size , total contribution of each granule size fraction to phosphate removal in 
the reactor (g P/m3 granule) in terms of poly-phosphate storage over time. 

From Figure 10, it can be seen that the granules of 1.7 mm performed the most uptake of phosphate 

from the bulk and that granules of 2 and 1.2 mm take up the next largest amount. In all cases, the 

uptake of phosphate could be seen to decrease over time as the granules approached the point of 

poly-phosphate storage saturation. 

The second set of simulations pertained to the influence of exchange ratios. When the exchange ratio 

simulations were run, the distribution of PHA storage over the granule sizes changed. As the exchange 

ratio increased from 12.5% to 25% to 50% (though altering the upflow velocity but keeping the 

anaerobic feeding time and influent concentrations the same), the average penetration of the 

substrate front into the sludge bed increased from 42% to 59% to 95% respectively (examples of these 

runs can be seen in Appendix J). The effect of this on the PHA storage can be seen in Figure 11. 

When the exchange ratio increased, the distribution of acetate over the sludge bed became more even. 

When the exchange ratio was small, the PHA storage for the granule of 1.7 mm diameter was more 

prominently the largest. Additionally, exchange ratios influenced the percent of the acetate from the 

influent which was stored as PHA versus being used by other organisms. By summing the stored PHA 

for all granule sizes, the total PHA storage in the reactor could be calculated. This was compared with 

the total acetate loading. In the 12.5% exchange ratio, 94% of the loaded acetate was stored as PHA 

while 89% and 93% resulted for 25% and 50% exchange ratios respectively. When the exchange ratio 

was achieved through a shorter feeding time the storage per acetate loading was only 74% and the 

substrate penetration into the sludge bed was 68%.  
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Figure 11: PHA storage per granule size with increasing exchange ratios (a) 12.5% exchange ratio, (b) 25% exchange ratio, 
and (c) 50% exchange ratio. For (b), the exchange ratio is showed when 25% was achieved through changing the upflow 
velocity versus changing the feeding time 
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4. Results: Pre-fermentation 
To explore the practical requirements to implement pre-fermentation for AGS, an SBR fermenter was 

operated. Conditions influencing the stability of the fermentation process were analyzed through 

batch tests and by sampling from the treatment processes present prior to the fermenter intake point. 

The results will be discussed in this order. 

Throughout the operation of the pre-fermenter, the VFA concentrations in the reactor were frequently 

measured within one cycle. These values were used to monitor the VFA production rates as shown in 

Figure 12.  Two phases with different applied process controls are indicated in the figure. Phase 1 is 

characterized by an HRT of 8 hours and the cycle times are not related to the PNU cycles. In Phase 2, 

the HRT was increased to 16 hours and the feeding phase of the fermenter began at the end of the 

PNU feeding phase. 

 

Figure 12: VFA production rate in fermenter over time . Phase 1: HRT = 8 hrs, fermenter & PNU feeding cycles not aligned. 
Phase 2: HRT = 16 hrs, feeding cycles aligned, the dashed line indicates the shift between phases 

The average production rates, the average starting and ending VFA concentrations, and the average 

reactor mixed liquor suspended solid (MLSS) can be found in Table 5. On average, in one cycle, 28 mg/l 

VFA were produced. 

Table 5: Fermenter measurements – average VFA & MLSS 

VFA production (mg 
COD g TSS-1 h-1) 

VFA – start 
(mg COD/l) 

VFA – end 
(mg COD/l) 

MLSS (g 
TSS/l) 

1.5 ± 3.6 158 ± 68 186 ± 93 3.4 ± 2 

 

Table 5 shows that there was high variability in production rates and MLSS concentrations in the 

reactor. This led to investigations into possible causes of the instability. Poor mixing, high selection 

pressure, biofilm formation, and weather conditions were all explored as possible causes of instability 

and found to not contribute significantly. The comparison between VFA production rates and weather 

conditions can be found in Appendix E. The impact of influent characteristics and the fermentation 

activity of biomass present in the PNU system were also investigated.  

Influent VFA concentrations were measured during one feeding phase over the primary treatment for 

the PNU: raw influent from the pumping station, influent from mid-way in the sand trap (after 
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screening), and influent in the buffer tank (PNU feed). Refer to Figure 4 for a schematic of the system. 

The VFA concentrations over the system over time can be seen in Figure 13. 

 

Figure 13: VFA measured in three locations in the PNU primary treatment during a feeding phase 

The raw influent VFA concentrations ranged from 92 to 127 mg/l acetate, while influent after screening 

was from 91 to 237 mg/l, and the PNU feed was from 96 to 118 mg/l. 

From these sampling events, it was determined that VFAs were being produced at a significant rate in 

the sand trap (after screening). This test was repeated and confirmed this conclusion, the data from 

this additional test can be seen in Appendix F. Based on this finding, a small sampling campaign was 

conducted on raw influent versus influent that had passed through the sand trap. Because of the high 

concentrations of VFAs produced in the sand trap, it was suspected that significant settling of 

degradable solids was occurring. To check if this had an influence on the influent entering the 

fermenter, volatile solids, settleable solids, and total COD were measured. Table 6 shows the results 

of these measurements. Because of the high variability in the samples, ANOVA was used to determine 

if there was a statistically significant difference between the influent characteristics before and after 

the sand trap. 

Table 6: COD and VS of influent before and after sand trap. The average value with standard deviation is presented with the 
number of samples in the superscript 

 Volatile 
solids (mg/l) 

Total COD 
(mg/l) 

Settleable solids 
(ml/L) 

Raw influent 407±60    6 768±59   3 17.1±4    4 

Influent after 
sand trap 

268±90    9 709±42   3 12.4±3    5 

Significant 
difference? 

True Could not be 
determined 

Could not be 
determine 

 

These results show that there was a significant drop in the volatile solids present after the sand trap 

compared with the raw influent. While the average total COD and settleable solids dropped as well, 

these differences were not significantly significant likely due to the small number of samples collected 

and the variability in the measured values. 

To determine if there was a significant difference in the fermentation activity of the biomass present 

in the sand trap and that of the fermenter, several batch tests were performed.  
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Batch tests to ferment raw influent in eight hours were performed using different seed material: 

fermenter sludge, biofilm from the sand trap walls, and settled primary sludge in the sand trap. Both 

the fermenter sludge and settled primary sludge batch test were repeated twice with raw influent 

collected on different days. Corrections were made based on the VFA production observed in the 

blanks for influent and sludge self-fermentation. The detailed data for these tests can be found in 

Appendix G. The summary of results can be seen in Figure 14. 

Figure 14: Eight-hour batch test: VFA production rate per biomass sample 

The biofilm from the sand trap walls had a significantly higher VFA production rate than the other two 

seed materials. Microscopy was performed on biomass samples from the fermenter and the sand trap. 

These images can be found in Appendix G. Flocculent biomass can be seen in all images frequently 

clustered around cellulose fibers. The cellulose fibers appear to be hollow. Differences in the biomass 

were not observed at the measured scale. 

 

Due to the high VFA concentrations observed in the sand trap, samples were taken over the length and 

depth of the sand trap to determine whether the fermentation varied with location in the sand trap. 

High VFA concentrations were found with high variability over the sand trap volume (see Appendix F). 

To clarify how this changed over the PNU cycle, measurements were done over the volume of the sand 

trap at the start and end of the cycle. Figure 15 shows these results. 

Figure 15: Variation in VFAs over the sand trap depth at two sampling points (1 = center of sand trap, 2 = end of the sand 
trap) at start of cycle (a) versus at the end of the cycle (b) 

Significant increases in the VFA concentration were observed in all measured zones of the sand trap 

(from (a) to (b)) and higher VFA concentrations are present in the sludge bed. Very high concentrations 

are observed at the end of the cycle (250–700 mg/l) compared to the VFAs measured in the raw 

influent (70-150 mg/l). 
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To further study the VFA increase in the sand trap, samples were taken 2-3 times per week during the 

cycle of the PNU. During this period, the PNU cycle time was fixed, and the sand trap HRT was 8 hours. 

The volumetric VFA production rate averaged 21 mg VFA-COD L-1 h-1 ± 15 (raw data can be found in 

Appendix H).  
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5. Discussion 
This section will discuss the results of the modeling and experimental work. Firstly, the limitations of a 

single granule model and the population shift from this model to the multi-granule model will be 

discussed. The differences between the populations in granules of different sizes will be highlighted 

and used to explain the differences in nutrient conversion rates when influent acetate concentrations 

are increased. Phosphorus uptake capacity will be discussed for the different acetate concentrations 

and the eventual need for SRT control in all cases. Finally, limitations of the model will be addressed. 

From the experimental work, the implications of the fermentation in the sand trap will be discussed 

along with the connection to the unstable fermenter performance. Possible other factors influencing 

the fermenter stability and the limitations of studying the sand trap are discussed. Additionally, the 

implications of the differences in fermentative activity for biomass from the PNU primary treatment 

system will be addressed. 

5.1 Limitations of the single granule diameter model 
The single granule diameter model which was used for initialization required many assumptions to 

describe the conversions of nutrients. This model required high concentrations of acetate to perform 

removal because of limitations of the mixed reactor bulk liquid. Because simultaneous nitrification 

denitrification was not 100%, nitrate remaining in the effluent was then present during feeding. The 

simulated anoxic feeding conditions led to pre-denitrification. Under plug flow feeding conditions, this 

would not occur as nitrate would leave the system in the decanted effluent. Additionally, without 

inclusion of a plug flow model, the influent was equivalently diluted and the concentration gradients 

(and therefore also the diffusion rate) between the bulk liquid and granules was lower than would be 

present with true plug flow feeding. The concentrations cannot be seen per layer, therefore, the 

effluent concentrations were assumed to be the concentrations present at the end of each cycle. 

Without modeling settling over the reactor depth, it was also not possible to perform selective spilling. 

These are all problems commonly encountered in modeling efforts for AGS. 

While a semi-steady state was reached for the single granule model, this took upwards of 50 days to 

achieve (without considering wait periods or settling time as in practice). De Kreuk et al. (2007) and 

Baeten et al., (2018) both found steady state effluent quality was reached after 200 simulated days. 

Winkler et al., (2015) found steady state effluent quality and granule biomass populations after 500-

800 simulated days. These periods are all significantly longer than the typically applied SRT of 30 days 

and in most cases longer than the SRT of 143 days found for large granules (Ali et al., 2019). This 

indicates that a true steady state in granules will likely never be reached in practice.   

5.2 Different population shifts in different granule sizes 
It was known that the semi-steady state profiles for granules of 2.2 mm diameter would not be 

representative of all granule sizes. This is especially true for small granules due to the low substrate 

availability at the top of the settled sludge bed during feeding and penetration of substrates and 

oxygen across the entire depth. It was expected that despite these limitations, the adapted 

initialization would lead to faster development to semi-steady state conditions in the multi-granule 

model. This proved to be an accurate assumption. In the multi-granule model, the runs undergo three 

stages (initialization, stable removal of nutrients, and loss of nutrient removal capacity).  

The first phase, initialization, occurred as the granule species populations adapted to the new influent 

concentrations and the change in radius. During initialization, the species distribution in each of the 

granules changed due to the new granule radius and implementation of plug flow feeding into a settled 

sludge bed in the multi granule model. Figure 7, phase i, shows the reduction in the ammonium 

effluent concentrations over time due to this change in population. From Figure 8, autotrophs grew 
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primarily into smaller granules. Due to the low PHA storage by smaller granules located primarily at 

the top of the settled sludge bed (see Figure 9), there were fewer PAOs present. Due to the reduced 

competitive advantage for PAOs and high availability of ammonium and oxygen, nitrifying populations 

were larger in smaller granules. Experimental results indicated that smaller granules do indeed 

contribute significantly to nitrification rates in mixed AGS (Vierwind, A., 2018). The reverse explains 

why nitrifiers were not present in high concentrations in larger granules in addition to fact that PAOs 

have a higher oxygen affinity than AOB/NOB. 

Heterotrophs also grew into smaller granules due to reduced competition with PAOs.  While PAOs and 

OHOs compete aerobically for acetate uptake (Haaksman et al., 2020), OHOs can exclusively take up 

rbCOD at the start of aeration. In all model runs, acetate and rbCOD were present (although in small 

concentrations) at the start of aeration (Figure 7). This was because of the surface limitation of the 

larger granules at the bottom of the reactor. Acetate and rbCOD added in the last time steps of the 

feeding phase had limited diffusion into the large granules which already contained PHA stores and 

had been denitrified across the granule volume. Despite the small concentrations, the fast-growing 

nature of heterotrophs allowed them to establish a strong presence in the small granules.  

The increase in nitrifiers in small granules while large granules contained more PAOs, demonstrates 

the unique role that all granule sizes play in AGS. It is necessary to have small granules in addition to 

large in order to optimally remove nitrogen and phosphorus. Because of this, selection pressures must 

not be too strict, otherwise ammonium removal capacity will be reduced or longer cycle times will be 

necessary. The presence of different species in granules of different sizes was identified by Ali et al. 

(2019), where species differed increasingly from those found in wastewater influent as granule size 

increased. Additionally, the mid-large size granules could be seen to have a large inert core, especially 

as the granule size increases. This effect has been observed in literature (McSwain et al., 2005) (Xavier 

et al., 2007). This is due to diffusion limitations of soluble substrates and oxygen. 

Despite the large changes in species distribution for different granules sizes, the initialization phase 

was very short compared to models described in literature. Semi steady state conditions will never be 

reached in this model due to the loss of phosphorus uptake capacity (because no SRT control is 

applied). Once the complete removal of ammonium was achieved, stable removal of ammonium and 

phosphate occurred (phase ii in Figure 7). The fast stabilization of this model makes running many 

simulations easier.  

5.3 Lack of total nitrogen removal  
The concentrations of nitrate could be seen to increase during the initialization phase due to the 

increased nitrification performed by autotrophs. Note that the models were run as if there was an 

ammonium regulation but no total nitrogen regulation. Simultaneous nitrification denitrification was 

low in these runs. This was in part due to shallow penetration of acetate into the granule (PHA was 

present no deeper than 0.1 mm into the granule in the run with 100 mg/l acetate – Appendix C), and 

therefore, low presence of carbon donors in the anoxic zone (de Kreuk et al., 2010). The high kla 

additionally reduced the anoxic zone in the granules. These effects were compounded by the 

differences in species distribution for granules of different sizes (see Figure 8). Because more 

autotrophs were present in small granules, nitrate must first diffuse out of the small granules and into 

the anoxic zone of the larger granules before denitrification could occur during the aeration phase. 

Because of the low SND, calibration of the model and a post anoxic phase would be necessary to 

denitrify.  

An anoxic phase to denitrify was not modeled because the goal of the model was to determine the 

influence of increasing acetate concentrations in influent. At the end of the aeration cycles, no PHA 
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was left in the granules (see Figure 8). This is contrary to what has been observed experimentally (van 

den Berg, 2007). However, because of the high oxygen concentrations and kla (2 mg/l DO setpoint, 10 

hr-1 kla), all PHA was used for either denitrification, poly-phosphate storage, or PAO growth. Because 

no acetate and rbCOD was left at the end of aeration (see Figure 6), there were no carbon donors left 

to denitrify. Flocculent conversion of particulate COD was not included in the model to avoid 

interference with the goal of the model. Because conversion of particulate COD was not included and 

because the residual acetate and rbCOD was consumed quickly once aeration and mixing begins, there 

were no carbon donors remaining to denitrify in a post-anoxic phase. However, the effect of this could 

be analyzed in the future with the model by adapting the flocculent population distribution during 

feeding and including particulate COD in the influent. This would allow for aerobic hydrolysis of 

particulate COD and subsequent anoxic post-denitrification. 

5.4 Nutrient conversion rates  
The average nutrient removal rates, during the stable removal period for each of the acetate runs, can 

be seen in Table 4. Ammonium removal rates increased due to increased presence of autotrophs in 

the small granules (see Appendix C). This could be because less rbCOD is present in the influent as 

acetate increased (to simulate the pre-fermentation of rbCOD to acetate) and therefore less 

heterotrophs were present in the small granules compared to when rbCOD concentrations were 

higher. This reduced the competition with autotrophs. These rates were calculated from the changes 

observed in the reactor bulk concentrations. Therefore, the calculated rates included the removal of 

ammonium and phosphate used for growth of biomass. In the future, the model can be adapted to 

output specific rates such as nitrification.  

Simultaneous nitrification denitrification rates increased with increasing acetate due to deeper 

penetration of PHA in granules (see Appendix C). Phosphate release increased (see Table 1) due to 

increased storage of PHA with higher acetate concentrations. The increases in ammonium removal and 

simultaneous denitrification rates are significant because smaller reactor volumes are needed to treat 

the same volumes of wastewater. Cost estimations would need to be performed to consider the 

benefits of increasing acetate in influent against the costs of implementing fermentation. 

In the multi-granule model, the cycles were shorter than would be seen in practice. This is in part due 

to a high kla which led to fast phosphate uptake and nitrification rates to be achieved very quickly (see 

Figure 6). In full scale plants, more time would be required to reach the DO setpoint and the removal 

rates would lag behind those shown in these model results. This can be improved to model specific 

conditions in the future. When stable removal was achieved, phosphorus removal was completed first 

and the length of the aeration phase depended on the nitrification rate. The number of modeled days 

before stable removal occurred was therefore smaller than would occur in full scale. 

5.5 Consumption of acetate by different species & the unique role of different granule 

sizes 
The fate and role of acetate varied when the concentrations were increased. According the 
stoichiometry of PHA storage in PAOs, PAOs release 0.4 mg of phosphate for every mg of acetate 
stored as PHA. The models for 50, 100, and 150 mg/l of acetate showed a ratio of 0.49, 0.28, and 0.26 
mg P release/mg acetate respectively. The high ratio for the run with 50 mg/l acetate demonstrates 
that acetate was formed from rbCOD anaerobically and was then taken up by PAOs. With higher 
acetate concentrations, the P release per mg acetate was reduced. Considering the low rbCOD 
concentrations in the runs with 100 and 150 mg/l acetate, conversion of rbCOD to acetate was very 
low and around 28% and 35% of the acetate was consumed by other organisms in the respective runs.  
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In addition to influencing P release, the PHA storage across different granules varied which, in turn, 
influenced phosphorus removal. Increasing acetate concentrations led to increasing PHA storage for 
all size fractions (Figure 9). As can be seen in Figure 9, it is clear that despite the surface limitations of 
larger granules, granules of 1.2 mm, then 1.7 mm and 0.8 mm, stored the most PHA in the reactor. The 
largest granules, which came into contact with the most acetate due to their position in the settled 
sludge bed, were limited by their low efficiency (due to surface limitations) and had significantly less 
PHA storage than most of the other granules. These factors contributed to the removal of phosphate 
in the system as can be seen in Figure 10. Granules of 1.7 mm performed the most phosphate removal, 
followed by 2 mm and 1.2 mm granules. This shows that there is an optimal granule size for phosphate 
removal. Even though the 2 mm granules had the most contact with acetate in the influent, they were 
limited in their PHA uptake and phosphate removal. By implementing more stringent SRT control and 
removing the largest granules, the phosphate removal can be optimized. While this model showed 
that 1.7 mm granules were the most effective, the actual diameter will differ in practice. This model 
showed the principle that stricter SRT control can improve the phosphate removal capacity. A balance 
must be found between optimization of granule size for phosphorus removal and maintaining a well 
settling granule bed.   

5.6 Loss of phosphate uptake capacity without SRT control 
The role of poly-phosphate uptake over granule sizes also related to the loss of phosphate uptake 

capacity which was observed in all runs. In the model, the granules were not controlled on SRT. The 

effect of redistributing the species controlled the total biomass concentration in the reactor but did 

not implement necessary actions that SRT control performs in real reactors. Namely, without SRT 

control, granules accumulated poly-phosphate until they approached their maximum poly-phosphate 

storage capacity (from ASM2d, 0.34 mg PP/mg PAO) (de Kreuk et al. 2007). Figure 10 shows reducing 

rates of phosphorus removal as poly-phosphate saturation was approached for all granule sizes. 

Therefore, over time, uptake was reduced, and effluent phosphate concentrations increased. 

In practice, the loss of phosphate uptake capacity is slower. The model shows that this occurred in less 

time than typically applied SRTs. The slower process in practice could be related to the effect of shear 

on granules (which is not included in the model). It is expected that outer layers of the granule are 

sheared off and this makes up part of the “flocculent” biomass that is spilled. This process would allow 

for growth of PAOs in granules layers which are not saturated with poly-phosphate. In practice there 

are additional factors which influence phosphate uptake capacity such as loss of larger granules in the 

spill and rain weather events where changes in loading influence the effluent quality short term. 

5.7 Stability of phosphate uptake capacity with higher acetate concentrations 
The higher the acetate concentrations, the longer the phosphate uptake capacity was stable. This is 

notable because despite that all runs used the same phosphate concentrations in the influent and the 

granules had the same maximum poly-phosphate storage, higher acetate increased the stability of 

phosphorus removal. When acetate concentrations were low, the PHA storage for all granules was 

lower. Because this increases with more acetate, more poly-phosphate could be removed. 

Additionally, the stratification of the granule sizes over the bed influenced phosphorus removal. The 

larger granules took up the most acetate and then stored the most poly-phosphate initially (see Figure 

10). This means that larger granules also approached the maximum poly-phosphate capacity faster. 

After a number of runs (as seen in Figure 7), larger granules had reached capacity, but the smaller 

granules had not. However, large granules continued to take up acetate and store PHA during feeding, 

even when they had reduced poly-phosphate capacity. This means that when the acetate 

concentrations were low, and less acetate reached the smaller granules at the top of the sludge bed, 

the granules which had remaining poly-phosphate storage capacity did not have the necessary PHA 

stores to do so. When acetate concentrations were higher, these granules could continue to perform 
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uptake until they also reached their capacity. The loss in poly-phosphate storage capacity could be 

seen as a reduction in phosphate uptake rate during the cycle.  

5.8 Influence of exchange ratios on AGS performance 
The influence of exchange ratios is a unique topic which could be explored with the model. The change 

in substrate penetration through the sludge bed during feeding could be seen to have an effect on the 

PHA storage distribution over granules of different sizes (Figure 11). Firstly, a comparison was made 

by changing the exchange ratio through applying different upflow velocities. This had an influence on 

the expansion of the sludge bed during feeding and the amount of time that each layer in the sludge 

bed had contact with substrate. Larger batch sizes led to deeper penetration of the substrate front 

into the sludge bed. This is why the larger granules of 1.7 mm diameter took up a larger amount of 

PHA compared to other granule sizes and this effect was amplified by applying lower exchange ratios.  

These findings can be used to improve granulation processes. For example, when granulation begins, 

it is optimal to ensure growth of PAOs in all granule sizes, and therefore a larger exchange ratio is 

preferable. Once granules are growing, the exchange ratio can be adapted to encourage growth of the 

overall bed or target the larger granules by enriching them with PHA through smaller exchange ratios.   

The effect of exchange ratios is difficult to elucidate with one set of simulations or experimentally. A 

specific exchange ratio can be achieved by changing the upflow velocity or the anaerobic feeding time 

and both will have a unique effect. An additional run for the 25% exchange ratio showed the difference 

that occurred when anaerobic feeding time was altered in place of upflow velocity. In Figure 11b, 

shorter feeding time limited how much VFA could be taken up; a larger penetration of substrate into 

the sludge bed was observed (68% compared to 59%, see Appendix J for examples of this effect) 

because of this. Shorter contact time also reduced how much rbCOD could be fermented to acetate 

and stored as PHA. Therefore, only 74% of the loaded acetate was stored as PHA when shorter feeding 

times were applied compared to 89%. Additionally, applying a shorter feeding time resulted in a larger 

difference between the PHA stored in granules of 0.51 mm (the ones which received the least) and the 

PHA in granules of 1.7 mm (the ones which received the most). However, in the cases with lower 

exchange ratios, it was expected that the smaller granules would receive significantly less acetate than 

larger granules. This effect was not as strong as anticipated.  

Changing upflow velocity or anaerobic feeding time without changing the influent concentrations will 

lead to a change in loading. This makes it particularly difficult to understand which factor led to a result 

experimentally. This model setup gives the opportunity to examine all these factors to optimize 

operation depending on the specific goal. 

5.9 Model limitations 
While the model can demonstrate principles that have been hypothesized, there are limitations, 
including: 
  

1. Glycogen accumulating organisms (GAOs) are not included 
 
ASM2d kinetics do not include GAOs which can compete with PAOs for substrate in practice (Oehman 
et al., 2010). Because GAOs do not contribute to phosphate removal, this leads to a higher required 
carbon loading to achieve stable phosphate removal. Without competition with GAOs, the PAOs in this 
model receive more acetate and more phosphate uptake capacity is possible in the reactor.  
 

2. All VFAs are modeled as acetate 
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Different PAO and GAO species can store acetate versus propionate as PHA. ASM2d kinetics include a 
very simplified conversion which neglects the variability in metabolic pathways which are present. 
However, the use of these complex metabolic pathways leads to difficulty in calibration of a high 
number of model parameters (van Loosdrecht et al., 2008). Because the COD division selected for the 
model does not include division of VFAs into acetate, propionate, and higher weight VFAs, the 
concentrations of modeled acetate are higher than would be present in practice. However, these 
divisions do not influence the principles which are demonstrated in the model. For further 
investigation into pre-fermentation, these factors should be considered.  
 

3. Glycogen is not included 
 
Glycolysis drives the storage of acetate as PHA and release of poly-phosphate stores. The model does 
not include glycogen however this is an important factor, especially when PHA stores are lows. Because 
the model reaches depletion of PHA stores, this would influence the results. 
 

4. Chemical phosphorus reactions are not included 
 
Phosphorus removal does not only occur biologically, there are also precipitation reactions that occurs 
(de Kreuk et al., 2005). Precipitation is pH sensitive and because increases in VFA can reduce the pH, 
this warrants future consideration. 

5.10 Implications of fermentation observed in the sand trap 
The model demonstrated that increasing acetate concentrations improved stability of phosphate 

uptake capacity and increased simultaneous nitrification denitrification rates. This demonstrated the 

improvements which are possible through pre-fermentation. The experimental results showed that 

the sand trap at the PNU in Utrecht unintentionally performed significant pre-fermentation (rates of 

21 mg COD L-1 hr-1 ± 15). The horizontal velocity of the flow through the sand trap was between 0.02-

0.03 m/s, significantly lower than the standard 0.3 m/s which is applied for grit removal (Metcalf et al., 

1979). As the standard design for grit removal aims to remove sand particles and leave organic matter 

in suspension, this low flow rate led to settlement of degradable organic matter. In addition, despite 

the large accumulation of particles in the sand trap, cleaning was performed infrequently (2 cleanings 

were performed during the year that this thesis spanned). Organic particles could, therefore, remain 

in the sand trap for months or until they were hydrolyzed. Flow of influent through the sand trap only 

occurred during the PNU feeding phase. During these experiments, the time between feeding phases 

was around 8 hours. The combination between the slow flow rate and the batch operation of the sand 

trap allowed for hydrolysis and fermentation to occur. This effect could be optimized in practice to 

achieve fermentation. The rates observed in the sand trap are high enough to provide sufficient 

additional phosphorus removal capacity at domestic WWTPs which currently struggle to meet 

regulations.  

5.11 Limitations of studying sand trap fermentation 
While the sand trap operated simultaneously as a pre-fermenter, it was difficult to obtain information 

with certainty about the operation. Due to the variability in sludge height observed over the length of 

the sand trap and over time, an exact SRT and liquid volume could not be determined. Most of the 

measured rates were based on measurements from a single sampling point over a cycle. The volume 

was unmixed (except in the case of gas release, which was observed) and therefore these point 

measurements only gave an indication of the fermentation. Additionally, variables such as weather 

and operational changes (such as shorter cycles, skipped feeding phases, etc.) influenced the 

conditions in the sand trap. Because these measured rates were indication values, these outside 
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factors were not compared against the data. These factors should be considered for future research. 

It is recommended to study fermentation further at a smaller scale to control these factors more easily. 

5.12 Unstable performance in fermenter 
The factors which led to fermentation in the sand trap also likely led to instable fermentation in the 

fermenter. As can be seen from Figure 12, the fermenter VFA production rates varied considerably. 

Rates typically ranged from -2 to 5 mg COD g TSS-1 h-1. However, on average, 28 mg/l VFA were 

produced in a cycle. Considering that 20 mg/l VFA can remove an additional 1 mg/l P, this production 

was enough to remove at least 1.4 mg/l P. This would make it easier for some WWTPs to meet the 

effluent requirements without iron dosing. Literature indicates that rates up to 19 mg VFA g TSS-1 hr-1 

can be achieved on influent (Gonzalez Barelo et al., 2006, Ligero et al. 2001a, Alvarez et al. 2003, 

Alvarez et al. 2008, Cuevas and Tejero, 2003, Donoso-Bravo et al., 2009). The cause of the negative 

rates could not be identified but could be due to presence of methanogens washing in from the sewer 

or volatilization of VFAs into the headspace. A low mixing rate was applied to avoid this volatilization 

but gas measurements from an airtight headspace would be necessary to elucidate the cause of VFA 

loss.  

For Phase 2, when the HRT was extended to 16 hours, it was no longer possible to manually sample at 

the start and end of the cycle. The calculated rates are therefore based on the rates over the 8 hours 

which were measurable during the open hours at the WWTP. An increase in MLSS was expected if 

longer HRTs improved the fermentation in the reactor, and this was not observed. In future 

experiments, a system for automated sampling and keeping sample volumes cool would be 

recommended.  

5.13 Connection between high fermentation in sand trap and low fermentation in 

fermenter 
The fermenter pumped influent from the buffer tank (see schematic in Figure 4). During phase 1, the 

feeding phase for the fermenter was not linked to the PNU cycles. This meant that the fermenter fed 

when the influent in the buffer tank was likely already fermented to a degree and solids had settled 

(and therefore were not pumped into the fermenter). Once the fermenting behavior of the sand trap 

was identified, the cycles were linked (Phase 2) so that the fermenter only fed if the PNU had influent 

flowing through the buffer tank. From Figure 13, it can be seen that at the end of the feeding phase, 

the VFA concentrations in the buffer tank were similar to those in the raw influent. This demonstrated 

that VFAs were flushed out of the sand trap at the start of feeding but that the influent at the end of 

the feeding phase was not pre-fermented.  

Despite the changes implemented for Phase 2, the fermenter performance did not stabilize. Upon 

further investigation, the influent that the fermenter received had significantly fewer volatile solids 

(see data in Table 4). The difference between raw influent and influent after passing through the sand 

trap was significant despite the small number of samples (n=6 for raw influent & n=9 for influent after 

the sand trap). Even fewer samples were compared for COD and settleable solids. Therefore, more 

samples would be required to determine with certainty that the fermenter received less COD and 

settleable solids. However, considering the loss in volatile solids, this is likely. This is linked to the 

operation of the sand trap. Because the flow rate is too low, the solids were settled out in advance. 

Therefore, the fermenter had less available substrate to degrade. 

5.14 Possible other factors for unstable fermenter performance 
As mentioned, additional factors were considered when investigating the instability of the fermenter. 

Checks were performed to determine if the mixing was insufficient which could lead to limited contact 
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time between the sludge and the influent or could cause inaccurate measurements of MLSS and VFA. 

Settling tests were performed on the sludge to check if the selection pressure was appropriate to 

ensure that excessive sludge discharge was not occurring each cycle. Because of the possibility that 

methanogens were consuming the VFAs, the SRT in the system was verified. A check was performed 

for solids that settled too quickly to be measured in the MLSS and for the presence of a biofilm which 

could have an infinite SRT. Finally, a connection between the variations in performance and weather 

conditions were checked (Appendix E). None of these possibilities were found to have an influence. 

5.15 Different fermentative activity observed in biomass across the PNU  
Comparisons were made between the biomass in the fermenter and that present in the sand trap 

settled solids and in a biofilm layer on the sand trap walls. Microscopy showed little visible difference 

between the biomass at the investigated scale (see Appendix G). This is in line with expectations as 

similar feed composition is available and similar microbial communities are present in the sewer and 

in wastewater treatment systems (Huisman and Gujer, 2002). However, when each biomass was added 

to batch tests to ferment raw influent, the biofilm from the sand trap walls had significantly higher 

fermentation capacity (Figure 14). This could be because the biofilm has a longer retention time than 

the settled solids. However, it is unclear what the retention time of the solids in the sand trap is. The 

settled solids and the fermenter sludge had similar activities. This is to be expected because the 

fermenter was seeded with these settled solids at the start of Phase 2.  The sand trap has a surface 

area to volume ratio of 1.1 m2/m3. Additionally, there is a thick layer of accumulated fats on the sand 

trap walls. This could give the opportunity for a relatively thick biofilm layer to grow. Systems with high 

surface area like moving bed biofilm reactor (MBBR) and integrated fixed-film activated sludge (IFAS) 

have significantly higher surface area to volume ratios, ranging from 50-335 m2/m3 (Sen et al., 2006). 

Addition of carrier materials to the fermenter could allow for an increased surface area with sufficient 

retention time for biomass. However, this could lead to problems even at the pilot scale including 

growth of methanogens with difficult SRT control.  
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6. Conclusions 
The model demonstrated principles observed in practice at AGS plants which have not been previously 

successfully modeled. The confirmation of these principles shows high potential for the application of 

this model for further research. 

The novel principles described by the model (ordered according to the relevant research question) 

include: 

1. Demonstration that increasing acetate concentrations leads to longer stability of phosphorus 

uptake capacity in the system and demonstration of the inevitable requirement for SRT control 

due to saturation of poly-phosphate stores. This has been observed as a problem in practice 

at low loaded plants. 

2. Demonstrations that increasing acetate concentrations leads to increasing phosphate release 

and simultaneous nitrification denitrification. Therefore, reactor size can be reduced if acetate 

concentrations are increased.   

3. Demonstrate the presence of (and necessity of) different species dominance in granules of 

different sizes due to plug flow feeding in a settled granule bed: PAOs are dominant in larger 

granules and nitrifiers are dominant in smaller granules. This means that nitrate is formed in 

small granules and must be transported through the bulk liquid to larger granules to be 

denitrified. Demonstration of reduced efficiency of granules with increasing diameter and the 

existence of a maximum granule size for optimal phosphate removal (1.7 mm). 

4. Demonstration that there is a granule size which receives the most acetate and subsequently 

removes the most phosphate, and this effect is more prominent when the exchange ratio is 

small. Maintaining long feeding times is necessary to optimize storage of acetate as PHA.  

These novel results demonstrate the benefit of combining models to describe settling of AGS, plug flow 

feeding in a settled sludge bed, reaction in the bulk and in granules, and diffusion across granules and 

into bulk liquid. The integrations of these models with granules of different sizes revealed the 

importance of acetate concentrations in low loaded domestic wastewaters and the potential 

improvements to process stability which pre-fermentation could provide.  

The experimental pre-fermentation results demonstrated that fermentation can occur in high rates in 

batch systems receiving enough biodegradable substrates. In the sand trap, fermentation was 

achieved with a rate of 21 mg VFA-COD L-1 h-1 ± 15 with a horizontal velocity of 0.02 m/s and an HRT 

of 8 hours. Unstable fermentation occurred in an SBR fermenter due to settling of biodegradable solids 

in the prior treatment system: the sand trap. The fermenter produced 28 mg VFA/l on average.  Both 

systems could produce enough VFAs on average to significantly improve phosphorus removal. More 

research is needed to determine the optimal operational conditions to ferment influent and to 

demonstrate the effect on aerobic granular sludge in practice.  
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7. Recommendations 
This research can be expanded and connected to other topics being researched presently. Below, a 

list of recommendations related to extending the model and simulations to consider as well as 

further research into pre-fermentation are suggested. 

Modeling 

1. Implement flocculent conversion of particulates (must adapt the distribution of flocs during 

feeding to implement properly). 

2. Adjust the model parameters to avoid depletion of PHA. Additionally, glycogen should be 

included in the model.  

3. Growth and wasting of sludge and the effect of shear can be implemented. 

4. Many different simulations can be run including: 

a. Anaerobic feeding time 

b. Fermentation during feeding 

c. Kla & oxygen setpoint 

d. Selection pressure 

e. Startup strategy 

f. SRT optimization 

Pre-fermentation  

1. Relocate fermenter to receive fresh influent and can then optimize the operation by 

exploring the effect of HRT, SRT, temperature, and settling rates.  

2. The effect of pre-fermentation can be coupled with AGS experimentally. 

3. Biochemical acidogenic potential (BAP) tests (Ruel et al., 2001) should be performed on any 

potential influent being considered for pre-fermentation (specifically from the location in the 

treatment train where fermentation would be implemented). 
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Appendix A: Model matrices & parameters 
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S_O S_F S_A S_NH4 S_N2 S_NO3 S_PO4 X_I X_S X_H X_PAO X_PP X_PHA X_A 

Aerobic hydrolysis 0 1 0 0.01 0 0 0 0 -1 0 0 0 0 0 

Anoxic hydrolysis 0 1 0 0.01 0 0 0 0 -1 0 0 0 0 0 

Anaerobic hydrolysis 0 1 0 0.01 0 0 0 0 -1 0 0 0 0 0 

Heterotrophic growth on sf -0.6 -1.6 0 -0.022 0 0 -0.004 0 0 1 0 0 0 0 

Heterotrophic growth on sa -0.6 0 -1.6 -0.07 0 0 -0.02 0 0 1 0 0 0 0 

Heterotrophic denitrification with sf 0 -1.6 0 -0.022 0.21 -0.21 -0.004 0 0 1 0 0 0 0 

Heterotrophic denitrification with sa 0 0 -1.6 -0.07 0.21 -0.21 -0.02 0 0 1 0 0 0 0 

Heterotrophic fermentation of sf 0 -1 1 0.03 0 0 0.01 0 0 0 0 0 0 0 

Heterotrophic lysis 0 0 0 0.031 0 0 0.01 0.1 0.9 -1 0 0 0 0 

PAO storage PHA 0 0 -1 0 0 0 0.4 0 0 0 0 -0.4 1 0 

PAO aerobic storage PP  -0.2 0 0 0 0 0 -1 0 0 0 0 1 -0.2 0 

PAO anoxic storage PP  0 0 0 0 0.07 -0.07 -1 0 0 0 0 1 -0.2 0 

PAO growth on sa aerobic -0.6 0 0 -0.07 0 0 -0.02 0 0 0 1 0 -1.6 0 

PAO growth on sa anoxic 0 0 0 -0.07 0.21 -0.21 -0.02 0 0 0 1 0 -1.6 0 

PAO lysis 0 0 0 0.031 0 0 0.01 0.1 0.9 0 -1 0 0 0 

PP lysis 0 0 0 0 0 0 1 0 0 0 0 -1 0 0 

PHA lysis 0 0 1 0 0 0 0 0 0 0 0 0 -1 0 

Autotrophic growth -18 0 0 -4.24 0 4.17 -0.02 0 0 0 0 0 0 1 

Autotroph lysis 0 0 0 0.031 0 0 0.01 0.1 0.9 0 0 0 0 -1 
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 Rates 

Aerobic hydrolysis 
K_hyd*lim_O_hyd*lim_sur_hyd*X_H 

Anoxic hydrolysis 
K_hyd*eta_NO3_hyd*inh_O_hyd*lim_NO3_hyd*lim_sur_hyd*X_H 

Anaerobic hydrolysis 
K_hyd*eta_fe_hyd*inh_O_hyd*inh_NO3_hyd*lim_sur_hyd*X_H 

Heterotrophic growth on sf 
mu_H*lim_O_H*lim_F_H*cons_F*X_H 

Heterotrophic growth on sa 
mu_H*lim_O_H*lim_A_H*cons_A*X_H 

Heterotrophic denitrification with 
sf 

mu_H*eta_NO3_H*inh_O_H*lim_NO3_H*lim_F_H*cons_F*X_H 

Heterotrophic denitrification with 
sa 

mu_H*eta_NO3_H*inh_O_H*lim_NO3_H*lim_A_H*cons_A*X_H 

Heterotrophic fermentation of sf 
q_fe*inh_O_H*inh_NO3_H*lim_Fe_H*X_H 

Heterotrophic lysis 
b_H*X_H 

PAO storage PHA 
q_PHA*lim_A_PAO*lim_stor_PP*X_PAO 

PAO aerobic storage PP  
q_PP*lim_O_PAO*lim_PS_PAO*lim_stor_PHA*lim_stor_PP_max*X_PA
O 

PAO anoxic storage PP  
q_PP*eta_NO3_PAO*lim_O_PAO*lim_PS_PAO*lim_NO3_PAO*lim_stor
_PHA*inh_O_PAO*lim_stor_PP_max*X_PAO 

PAO growth on sa aerobic 
mu_PAO*lim_O_PAO*lim_stor_PHA*X_PAO 

PAO growth on sa anoxic 
mu_PAO*eta_NO3_PAO*lim_O_PAO*lim_NO3_PAO*lim_stor_PHA*inh
_O_PAO*X_PAO 

PAO lysis 
b_PAO*X_PAO*lim_O_PAO 

PP lysis 
b_PP*X_PP*lim_O_PAO 

PHA lysis 
b_PHA*X_PHA*lim_O_PAO 

Autotrophic growth 
mu_A*lim_O_A*lim_NH4_A*X_A 

Autotroph lysis 
b_A*X_A 

 

Terms to calculate rates Abreviations 

S_O/(K_O_hyd+S_O) lim_O_hyd 

K_O_hyd/(K_O_hyd+S_O) inh_O_hyd 

S_O/(K_O_H+S_O) lim_O_H 

K_O_H/(K_O_H+S_O) inh_O_H 

S_O/(K_O_PAO+S_O) lim_O_PAO 

K_O_PAO/(S_O+K_O_PAO) inh_O_PAO 

S_O/(K_O_A+S_O) lim_O_A 

S_F/(K_F_H+S_F) lim_F_H 

S_F/(K_Fe_H+S_F) lim_Fe_H 

S_F/(S_F+S_A) cons_F 

S_A/(K_A_H+S_A) lim_A_H 

S_A/(S_A+S_F) cons_A 

S_A/(K_A_PAO+S_A) lim_A_PAO 

S_NH4/(K_NH4_H+S_NH4) lim_NH4_H 

S_NH4/(S_NH4+K_NH4_PAO) lim_NH4_PAO 

S_NH4/(S_NH4+K_NH4_A) lim_NH4_A 

S_NO3/(K_NO3_hyd+S_NO3) lim_NO3_hyd 
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K_NO3_hyd/(K_NO3_hyd+S_NO3) inh_NO3_hyd 

S_NO3/(K_NO3_H+S_NO3) lim_NO3_H 

K_NO3_H/(K_NO3_H+S_NO3) inh_NO3_H 

S_NO3/(K_NO3_PAO+S_NO3) lim_NO3_PAO 

S_PO4/(K_P_H+S_PO4) lim_P_H 

S_PO4/(K_PSt_PAO+S_PO4) lim_PS_PAO 

S_PO4/(K_P_PAO+S_PO4) lim_P_PAO 

S_PO4/(K_P_A+S_PO4) lim_P_A 

(X_S/X_H)/(K_Xcod_hyd+X_S/X_H) lim_sur_hyd 

(X_PP/X_PAO)/(K_PP_PAO+X_PP/X_PAO) lim_stor_PP 

(X_PHA/X_PAO)/(K_PHA_PAO+X_PHA/X_PAO) lim_stor_PHA 

(K_max_PAO-
X_PP/X_PAO)/(K_IPP_PAO+K_max_PAO-
X_PP/X_PAO) 

lim_stor_PP_max 

 

Kinetic parameters: 

K_hyd 3 [1/d] 

q_fe 3 [1/d] 

q_PHA 3 [1/d] 

q_PP 1.5 [1/d] 

eta_NO3_hyd 0.6 
 

eta_fe_hyd 0.4 
 

eta_NO3_H 0.8 
 

eta_NO3_PAO 0.6 
 

K_O_hyd 0.2 [g/m^3] 

K_Xcod_hyd 0.1 [g/g] 

K_NO3_hyd 0.5 [g/m^3] 

K_O_H 0.2 [g/m^3] 

K_F_H 4 [g/m^3] 

K_NH4_H 0.05 [g/m^3] 

K_P_H 0.01 [g/m^3] 

K_A_H 4 [g/m^3] 

K_NO3_H 0.5 [g/m^3] 

K_Fe_H 4 [g/m^3] 

K_O_PAO 0.2 [g/m^3] 

K_NO3_PAO 0.5 [g/m^3] 

K_A_PAO 4 [g/m^3] 

K_NH4_PAO 0.05 [g/m^3] 

K_PSt_PAO 0.2 [g/m^3] 

K_P_PAO 0.01 [g/m^3] 

K_PP_PAO 0.01 [g/g] 

K_IPP_PAO 0.02 [g/g] 

K_max_PAO 0.34 [g/g] 

K_PHA_PAO 0.01 [g/g] 

K_O_A 0.5 [g/m^3] 

K_NH4_A 1 [g/m^3] 

K_P_A 0.01 [g/m^3] 
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Diffusion Density Decay 

rate / 
lysis rate 

Maximum 
growth 
rate  

D rho b mu  
[m^2/s] [g/L] [1/d] [1/d] 

S_O 2.31E-09 0 0 0 

S_F 5.00E-10 0 0 0 

S_A 1.11E-09 0 0 0 

S_NH4 1.97E-09 0 0 0 

S_N2 1.00E-09 0 0 0 

S_NO3 1.85E-09 0 0 0 

S_PO4 1.27E-09 0 0 0 

X_I 0.00E+00 20 0 0 

X_S 0.00E+00 80 0 0 

X_H 0.00E+00 80 0.4 6 

X_PAO 0.00E+00 80 0.05 1 

X_PP 0.00E+00 20 0.05 0 

X_PHA 0.00E+00 20 0.05 0 

X_A 0.00E+00 80 0.15 1 
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Appendix B: Single granule model 
Steady state granule profile (without corrections for breaks in the graph)  

Steady state bulk concentrations over two cycles 
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Appendix C: Concentration profiles over granules, end of feeding 
Concentration profiles of all granules for 50 mg/l acetate run (at the end of the feeding phase) 
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Concentration profiles of all granules for 100 mg/l acetate run (at the end of the feeding phase) 
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Concentration profiles of all granules for 150 mg/l acetate run (at the end of the feeding phase) 
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Appendix D: PP storage per granule size over time 
PP storage for the 50 mg/l acetate run over time (per granule volume, left, and per reactor volume, 

right) 

  

PP storage for the 100 mg/l acetate run over time (per granule volume, left, and per reactor volume, 

right) 
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PP storage for the 150 mg/l acetate run over time (per granule volume, left, and per reactor volume, 

right) 
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Appendix E: VFA production rate vs. peak concentrations in PNU 
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Appendix F: Additional sand trap measurements 
Repeated measurements on influent at two different points in the primary treatment over a PNU 

feeding phase 

 

 

 

VFA measurements at two sample points over the depth of the sand trap at the end of the PNU cycle 
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Appendix G: Biomass activity and microscopy 
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Microscopy of biomass from the sand trap and fermenter (a) fermenter sludge, (b) biofilm from sand 

trap walls, (c) settled sludge from sand trap, (d) scum layer from fermenter 

  

(a) (b) 

(c) (d) 
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Appendix H: VFA production rates in the sand trap over time 
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Appendix I: Oxygen penetration over different granule sizes 
Oxygen penetration over granules over different sizes for 50 mg/l acetate: 

   

   

 

Oxygen penetration over granules over different sizes for 100 mg/l acetate: 
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Oxygen penetration over granules over different sizes for 150 mg/l acetate: 
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Appendix J: Substrate front vs. sludge bed expansion 
 

Porosity Porosity Porosity 

12.5% exchange ratio 25% exchange ratio 50% exchange ratio 


