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ARTICLE INFO ABSTRACT

Handling editor: Wojciech Stanek Downstream processing of natural gas liquids (NGL) provides feedstock needed for plastic production, upgraded
fuels and heating, but it is one of the largest high-pressure and energy intensive processes. This original study is
the first to integrate novel process intensification options from a holistic viewpoint for the full process covering
all sections: 1) NGL recovery, 2) NGL fractionation, and 3) isomerization. Intensified fluid separation technol-
ogies (e.g. complex columns, thermal coupling, and heat pumps) are explored and integrated into a full NGL
process to improve the energy efficiency and mitigate GHG emissions, and to establish the limits of operation,
utility usage, and specific product costs. All NGL processes are rigorously simulated in Aspen Plus, and evaluated
based on a fair economic and sustainability analysis.

The enhanced recycle split vapor process for NGL recovery results in a full heat recovery for the reboiler of the
demethanizer (2.9 MW energy savings), while the enhanced gas subcooled process results in 17.9% reduction of
the refrigerant duty, 20.2% reduction of the electrical duty, and 19.9% reduction of the total utility cost. For the
NGL fractionation section, heat pump assisted double dividing wall process improves energy intensity for a
fraction of the utility cost although requiring external incentives (e.g., carbon tax) to become commercially
viable. The total utility costs as well as GHG emissions are reduced up to 30% and 49%, respectively, while the
specific product cost reduces to $23.45/t or $24.38/t with carbon tax. The heat pump assisted recycled isom-
erization process for the last section increased AKI from 65.3 to 89.6, with 19.1% reduction of utility usage and
42.4% reduction of carbon emission.
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1. Introduction

With the existing energy infrastructure as well as the petrochemical
foothold on the chemical industry, the transition to a fossil fuel free
industry will likely be slow and costly. As of 2019, 84.3% of global
energy comes from fossil fuels, a decrease of 1.8% from the year 2000
[1]. Despite providing 22.4% of global energy, the relative percentage of
CO4 emissions is only 21.3% for natural gas, making it the only fossil fuel
to emit less of a percentage than energy provided. Prior to natural gas
being commercially available for industrial and residential use, raw
natural gas must first be refined in one of the most energy-intensive
processes. Process intensification of this large-scale high-pressure
cryogenic process could help mitigate carbon emissions (and related
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economic penalties) realized by companies in their transition to greener
technologies and practices (e.g. electrification of industry).

Depending on the composition of the natural gas, the heavier hy-
drocarbons of natural gas called natural gas liquids (NGL) are typically
dried from the methane predominant sale gas to meet pipeline and
product specifications. Currently, shale gas is being introduced into the
market as rich natural gas due to its high composition of NGL. Since NGL
consist of ethane, propane, butanes, and natural gasoline (C5+ com-
ponents), new gas refineries are being set up to extract these inherently
higher value products.

In the past, the oil absorption process was commercially used to
recover around 75% of butane and 85-90% of pentane and higher. With
the increased ethane demand for plastic production, as well as being a
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petrochemical feedstock, most industries have switched their NGL re-
covery section to cryogenic distillation since 95% of ethane can be
recovered from the sale gas [2]. For reference, the volumetric
throughput of this NGL process section is in the range of 5.95-59.5
million standard cubic meter (SCM) per day [2]. Depending on the feed
composition, product specifications, energy costs, and the needed
operational flexibility, different types of configurations such as gas
subcooled process (GSP) or recycle split vapor (RSV) can be justified.
The difference between the GSP and RSV configurations is the partial
recycling of pressurized sale gas [3]. Islamm et al. [4] and Usman and
Pervaiz [5] compiled together many configurations for the NGL recovery
section in order to provide a techno-economical overview. Yet, the focus
of these research or reviews is on the demethanizer for NGL recovery
only, without considering the following NGL fractionation as well as the
isomerization from a holistic viewpoint. Also, there are no reported re-
searches that rigorously simulate the RSV and GSP configurations and
study the economic benefit of using the ethane recovery and rejection
modes of RSV to GSP.

After recovering the NGL stream at the bottom of the demethanizer,
this stream is then fractionated over a series of distillation columns into
the desired products (ethane, propane, isobutane, n-butane, and natural
gasoline). In recent years, several intensified technologies for fluid
separations — e.g. dividing wall column (DWC), heat pump assisted
distillation, thermally coupled distillation — have had relative success in
reducing utility demands as well as capital expenditure by minimizing
unnecessary component mixing or upgrading the stream energy level
with a reasonable temperature lift [6]. Long and Lee [7] investigated the
use of a DWC for NGL fractionation and reported that a double DWC
configuration (to replace the depropanizer, debutanizer, and deisobu-
tanizer) had the most energy savings of 28.74%. In a separate study, they
also found out that the implementation of heat pump assisted distillation
for the debutanizer and deisobutanizer columns [8] can improve the
energy efficiency of distillation columns — which are ineffective heat
engines [9] — by upgrading the low quality heat rejected at the
condenser and reinserted as high quality heat in the reboiler using heat
pumps. Further, applying heat pumps to the intensified DWC process
shows promising benefits for the NGL fractionation, yet Long and Lee [7,
8] did not further explore the integration of heat pumps and DWC for the
entire NGL fractionation section to enhance the energy efficiency. One
other technique that could reduce overall utility use is the external
thermal coupling of columns, where elements directly heat each other
which minimizes thermal losses across mediums. Becker’s group
developed a patent for the thermal coupling of the deethanizer to a DWC
depropanizer, yet they did not provide an indication of performance
[10]. More recently, Li et al. [11] proposed a new method for the process
synthesis and optimization of energy integrated advanced distillation
sequences, using NGL fractionation as a case study and determining the
most energy effective sequences, but the interaction of the previous NGL
recovery section or the following octane upgrading are not considered.
Qyyum et al. [12] reviews many research studies on the NGL process,
and reveals that there are no previous studies that explore the in-
teractions among different sections.

In order to upgrade the octane rating of natural gasoline, isomeri-
zation is needed after the NGL fractionation section. One of the most
profitable methods of increasing the octane rating of gasoline to prevent
uncontrolled combustion from knocking is to convert the linear com-
ponents into their isomers. In the past, the main method of performing
this equilibrium limited reaction was to use a chlorinated alumina
catalyst, which required specialized equipment to handle hazardous
components and was extremely sensitive to catalytic poisoning.
Recently, there has been a shift towards zeolites and sulfated metal
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oxides that have high activity, resistive to catalytic poisoning, and are
regeneratable catalysts [13]. With most of research focused either on the
kinetics of reaction or on the improvement of traditional heat recovery
of the entire process, there is no available research available that ex-
plores any intensified technologies (e.g. heat pumps) in this final sec-
tion, especially for the deisopentanizer column prior to isomerization.

Therefore, the original contribution of this work is to develop an
energy-efficient and cost-effective complete process for the NGL sepa-
ration from a holistic point of view, considering the interactions be-
tween systems components in terms of material and energy recycles — i.
e. separate methane (C1) from raw natural gas; separate individual NGL
subcomponents (C2, C3, iC4, nC4 and C5+); and C5+ gasoline isomer-
ization — in order to provide a full optimized process, in contrast to
conventional methods which focus on the smaller sub-systems only. To
achieve a more energy efficient process, and to reduce capital expen-
ditures, operating expenses and carbon footprint, several intensified
fluid separation technologies (such as thermal coupling, complex col-
umns, and heat pumps) are evaluated and integrated as part of a large
process flowsheet with energy/mass recycles for the three sub-sections
of the NGL process. Additionally, this paper aims to systematically
provide a fair comparison on the same basis for all intensified techniques
on the NGL separation process in terms of economic indicators (e.g. total
capital investment and operating cost) and sustainability metrics (e.g.
material/energy intensity, GHG emissions).

2. Design and simulation approach

A typical plant processing capacity of 3016 ktpy (377 t/h = 15,000
kmol/h) is considered in this work. Since the feed comes after the pre-
treatment of natural gas (desulfurization and dehydration) it will be
pressurized at 50 bar and have a temperature of 15 °C. As a large per-
centage of natural gas sources will be sourced from shale gas in the
future, a rich composition of NGL was considered in the feed, namely:
75.5 mol% C1, 11.1 mol% C2, 7.0 mol% C3, 1.9 mol% iC4, 1.2 mol%
nC4, 3.2 mol% C5+, 0.1 mol% H,S, similar to literature reports [14]. All
the product pressures and temperatures were determined considering a
3.5 bar overpressure above the respective vapor pressure to keep the
product liquid near atmospheric temperature. The following generic
product stream purities were considered (in line with literature data):
ethane 95 mol%, propane 98 mol%, isobutane 97 mol%, normal butane
95 mol%, and natural gasoline 99 mol% [12].

The full process was rigorously simulated using Aspen Plus V12. As
suitable property model, the Peng-Robinson equation of state was used,
being highly reliable for gas-processing applications. Initial data from
DSTWU shortcut models (e.g. number of stages, feed location, and reflux
rate) were used as input data for the RadFrac units used for rigorous
simulations. A generic pressure drop of 0.1 psi or 6.9 mbar per stage was
used [15]. The optimization of simple columns was performed using NQ
plots (number of stages versus reboiler duty). This Aspen Plus feature
utilizes a defined energy cost set between the utilities used in the
condenser and reboiler to minimize the total objective utility cost while
varying the number of stages and feed stage location. The maximum
number of stages was set at 92 stages due to construction logistics and
operational feasibility. Each distillation column was rigorously simu-
lated and optimized to fit the smart design principle where columns are
slightly oversized to provide operational flexibility and utility savings
[16]. For the modelling of DWCs, multiple RadFrac units were arranged
in a Petlyuk configuration, which is thermodynamically equivalent to a
DWG, to generate temperature and composition profiles to initialize the
MultiFrac unit [17]. The final rigorous simulations were based in Mul-
tiFrac due to its robust ability to provide continuous profiles of
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temperatures, compositions, and flowrates in a distillation column while
maintaining design specifications via the control of process variables
(product flowrates, condenser duty, reboiler duty).

Mechanical vapor recompression (MVR) heat pump was selected and
rigorously modeled as it is the most commercially viable heat pump for
this scale of production that does not introduce water into the system
and has a higher heat recovery efficiency as compared to traditional
vapor compression [16,18,19]. To avoid unnecessary vapor recom-
pression, a bypass valve was implemented to redirect unused vapor
while maintaining an exit vapor fraction of 0.05 for the column’s
reboiler. To quantify the effectiveness of each heat pump, the coefficient
of performance (COP) was evaluated as the heat recovered divided by
the work input [20]. To find the optimal pressure ratio for the
compressor (and thus the COP), the log mean temperature difference
(LMTD) between the heat sinks and the heat sources was determined
based on the trade-off between equipment expenditure (e.g. cost of heat
transfer surface area) versus energy savings [21].

The two essential sections of heat recovery in the initial NGL re-
covery section that makes cryogenic distillation profitable are the
Coldbox and the Coolbox. The Coldbox is a series of heat exchangers
inside a refrigerated container that pre-cool the feed using refrigerants
and internal slipstreams [22]. The Coolbox is the overhead Coldbox that
uses the demethanizer overhead to sub cool the reflux stream prior to
re-entry to the column. The MHeatX (multiple heat exchanger) model
was used since it can build stream/heat profiles via the use of multiple
pinch analyses for optimal heat exchange. The number of zones decided
for the Coldbox was 5 and for the Coolbox was 1 since this allowed for a
sufficient cost-effective LMTD used for sizing the heat exchangers.

For the isomerization of natural gasoline, the Aspen Plus yield
reactor was used (see details in the Supplementary Information file).
Considering a 75 mol% n-Pentane and 25 mol% n-Hexane feed into the
reactor, the product distribution reported by Rabo’s group was followed
considering a 37 s contact time and weight hourly space velocity of 2 kg
of reactant flow per kg of catalyst per hour [23]. The reaction occurs at
350 °C and 31 bar in a fixed bed reactor. Prior to entering the reactor,
the reactor feed is saturated with a 3:1 M ratio of hydrogen gas to feed to
prevent coking of the catalyst. The catalyst in use is Catalyst MB 5390,
which is a zeolite type catalyst with a density of 720 kg/m®.
Anti-Knock-Index (AKI) values per component were taken from the
literature [24].

The following utility energy costs were considered based on litera-
ture recommendations [15]: refrigerant(-34 °C) = $13.17/GJ, refrig-
erant(-12 °C) = $6.47/GJ, cooling water = $1.29/GJ, Low Pressure
Steam (LPS) = $6.22/GJ, medium pressure steam (MPS) = $7.67/GJ,
natural gas = $5.22/GJ, and electricity = $19.44/GJ.

1. NGL recovery

¢ 1.1 - Recycle Split
Vapor (RSV)

e 1.2 - Gas Subcooled
Process (GSP)

2. NGL fractionation

e 2.1 - Base case

® 2.2 - Double DWC

¢ 2.3 - DWC+BDWC+MVR

® 2.4 - TC-DWC+BDWC+MVR
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3. Results and discussion
3.1. Process design and simulation

This part covers the main results related to the three sections of the
process, namely the NGL recovery (1), NGL fractionation (2), and nat-
ural gasoline isomerization (3) - each of them including various process
configurations, as illustrated in Fig. 1 and described hereafter. The
detailed mass and energy balances, along with the heat duties, Aspen
Plus flowsheets, equipment sizing and costing are provided in the Sup-
plementary Information file.

3.1.1. Section 1: NGL recovery

The base case of the NGL recovery process is taken from the process
set-up and parameters of the RSV configuration with propane refrigerant
configuration from Jiang et al. [14], as shown in Fig. 2. The major
contrast in operation is that the compressed sale gas (Stream 16) was
rerouted to the demethanizer reboiler for internal heating, thus the duty
of the reboiler of demethanizer has been saved (2.9 MW in LPS cost). The
second large change in operation is the exit temperature of Stream 14
since it has to be increased to above freezing conditions to prevent
external condensation on the compressor, resulting in equipment dam-
age over time. Due to the internal refrigeration streams (Streams 24 to
29), only 8 MW of propane refrigerant is needed in the refrigeration
cycle for the pre-cooling of gas feed and 12.9 MW of electrical duty to
recompress the sale gas to a suitable pressure and temperature to begin
the liquefication process needed for liquefied natural gas (LNG). The
annual utility cost is estimated to be $10.3 million. The bottom of the
demethanizer is then transferred to the NGL fractionation section for the
full separation of NGL products.

Using the same equipment as in the RSV configuration, the GSP
configuration for the ethane rejection mode was accomplished by clos-
ing Stream 20 and rerouting Stream 10 to the reflux tray of the deme-
thanizer. Since there is no traditional reflux being re-entered into the
demethanizer, none of the sale gas is redirected back in the system
which lowers the overall flowrate in the system, reducing the electrical
duty of the compressor as well as the needed refrigerant for pre-cooling.
At 79 mol% recovery of ethane in the NGL bottom stream, the recovery
of propane began to exponentially decrease. At that point, 99.5 mol% of
propane recovery was achieved in the NGL stream, reducing overall
refrigerant duty by 1.43 MW (17.9%), the electrical duty by 2.6 MW
(20.2%), and total utility cost by $2.05 mln (19.9%).

3.1.2. Section 2: NGL fractionation
The base case model (Configuration 2.1) is a direct sequence of
simple distillation columns (Long, 2011; [11]) until the debutanizer

3. Isomerisation

¢ 3.1 - Single pass

¢ 3.2 - Single Pass + MVR

¢ 3.3 - C5/C6 Recycle

¢ 3.4 - C5/C6 Recycle + MVR

® 2.5- C3-SRB/MVR

Fig. 1. Overview of the NGL process sections and configurations.
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Fig. 2. PFD of proposed NGL recovery section using a Recycle Split Vapor (RSV) Configuration (Configuration 1.1).
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Fig. 3. NGL fractionation PFD of the base case (Configuration 2.1).
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(C4), where the distillate is fed into a deisobutanizer (C5), as shown in
Fig. 3. All columns were set to operate at the lowest pressure that
allowed cooling water to be used, except for the deethanizer. The dee-
thanizer was operated at 20 bar to accommodate the cheapest

refrigerant available. For a total of 37.4 MW of LPS, —5.43 MW of Ref

(—34°C), —5.47 MW of Ref (—12 °C), and —25.6 MW of Cooling Water,

the base case utility cost was estimated to be $10.7 million per year.
Several other intensified process alternatives were proposed and

1656.67 kmol/hr
96 Mol (2 30.97C / 16.55 bar
34— -36-D| 37-DI 38-DD—> 1059.79 kmol/hr
N 98 mole% C3 RD-207
HX-201 HX-202 P-201 COND-207 39.56C /5.2 bar
-30C/ 19.9 bar Q=-4072 kW - Q = -5054 kW 39.99C/ 8.47 bar
- Q=-5430 kW BV-201 276.1 kmolhr
-42-B 6Bl \ 47, 97 mole% iC4
-49-B 50-80—>
43-BD
COND-201 COND-205 418D 4580 =
-8.199C / 20 bar 39.52C /13.4 bar Ryl
= i COMP-201
Q=-5466 kW Q=-7784 kW ‘ it 148 RE-207
Q= 457 kKW Q=-4119kW
-48-BD
E———
39-DD 17—
1 83.79C / 13.57 bar
227.024 kmolhr
74.2 mole% iC4
24.0 mole% nC4
g2 16 26—] 1.0 mole% iC5
21.3C/20.5 bar
3634.41 kmolhr 42-
1.60 mole% C1
350D "
43.5 mole% C2 694275 kmolhr
%%3 m::z“ I%i 15.3 mole% iCA
4,95 mole% nC4 18.1 male% nC4
5.78 mole% iC5 0-DD———————1 61
4.54 mole% nC5 o ]
0.99 mole% nCé o (s] &
Q X
36 44 176.607 kmol/hr
95 mole% nC4
51-Bl 52-BD—>
RB-201 RB-205 RB-208 RB-207 Pz-zns
84.37C / 20.24 bar 121.57C / 13.70 bar 100.57C /5.72 bar 55.89C /5.72 bar
Q= 14058 kW Q=11443 kW Q= 3764 kW Q=4119kW

53-BD————> 465.275 kmol/hr

99 mole% C5+
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evaluated for this section.

e Double DWC (Configuration 2.2), as shown in Fig. 4, by letting the
first DWC act as a prefractionator for the second DWGC, there is less
overall intermixing of components. Based on the units replaced, LPS
duty decreases by 4.6 MW (19.7%), cooling water duty decreases by
4.7 MW (18.4%), and utility cost decreases by $1.01 million/yr
(19.6%).

Mechanical Vapor Recompression (MVR) heat pump assisted Bottom
Dividing Wall Column (BDWC) — which replaces the second DWC of
Configuration 2.2 — as shown in Fig. 5 (Configuration 2.3). With a
coefficient of performance (COP) of 9.01, heating and cooling duty is
reduced by 8.1 MW (34.8%) and 7.8 MW (30.5%), respectively. This
configuration performed the best in terms of annual utility cost,
reducing the utility cost by $1.51 million/yr (29.5%). Due to the high
temperature difference (50 °C) across the wall of the BDWC, the
dividing wall needs to be insulated via a vacuum separated wall.
Thermal coupling of the deethanizer to the first DWC of Configura-
tion 2.3, as shown in Fig. 6 (Configuration 2.4). This configuration
places the reboiler duty of the deethanizer onto the reboiler of the
depropanizer, bypassing heat transfer inefficiencies of using another
reboiler. Due to the high pressure required in the deethanizer, a
compressor is needed to recompress the vapor drawn from the lower
pressure depropanizer. If the pressure of depropanizer were
increased so a compressor is not needed, the energy requirement is
greater than the savings had. In the base case, only the deethanizer
needed to be rated to handle the hydrogen sulfide concentration.
With thermal coupling, the diameter size of the DWC was increased
(4.5 m—7.1 m) and in combination with having to use stainless steel
as well as a compressor, the equipment cost significantly increases.
With no significant change in refrigerant duties, the effective COP of
Comp-202 is 2.06, increasing the utility cost by $210K as compared
to the non-thermally coupled version.

3.1.3. Section 3: isomerization
For this section, a single pass process (Configuration 3.1) and a
pentane/hexane recycled isomerization process (Configuration 3.3)
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were set up similarly to the one described by SIE Neftehim [13,25].
Further, the single pass process is integrated with a deisopentanizer
MVR (Configuration 3.2), while the C5/C6 recycled isomerization is also
enhanced with a deisopentanizer MVR (Configuration 3.4). The natural
gasoline feed into this section has an AKI of 65.3. For single pass
isomerization, the highest achievable COP for an MVR heat pump on the
deisopentanizer was found to be 5.58, saving $877k (24.9%) in utility.
The isomerate product stream had its AKI raised to 84.2 with a total
section utility cost of $3.52 million, as shown in Fig. 7. When n-pentane
and n-hexane are recycled back into the isomerization reactor, the
resulting isomerate AKI was found to be 89.6 at a total utility cost of
$7.07 million, as shown in Fig. 8. This includes a COP of 4.92 for the
MVR heat pump on the deisopentanizer, saving $1.23 million (19.1%) in
utility cost.

3.2. Economic analysis

To perform the economic analysis used to justify the introduction of
complex columns and heat pumps, a variety of purchase cost metrics
were used to estimate the total capital investment (TCI) and the oper-
ating cost. Following the purchase cost correlations from the literature,
the TCI for the construction of the plant was determined via the Lang
Method, which gives an accuracy of +£35% [15]. Using the Chemical
Engineering Plant Cost Index (CEPCI) of 607.5 in 2019, the estimated
purchase price can be comparable to pre-COVID work [26]. To calculate
the total operating cost, direct cost, indirect cost, plant overhead, and
various general expenses for administration and financing had to be
accounted for, as described in the Plant Design and Economics for Chem-
ical Engineers [27]. Considering 8000 operating hours per annum, the
base operating cost was calculated considering 10% depreciation on
equipment. After dividing the total operating cost by the total product
amount, the Specific Product Cost (SPC) was calculated as the final
metric to provide a standardized overall cost of production (e.g. $ per
tonne throughput). Table 1 and Fig. 9 provide an overview of the annual
utility cost, total capital investment (TCI), annual operating cost, and
SPC per each section of the NGL process. For the detailed equipment
breakdown (sizing and costing), please refer to the Supplementary
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Fig. 6. PFD of thermal coupling deethanizer to DWC and BDWC with an MVR heat pump (Configuration 2.4).
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Fig. 8. PFD of natural gasoline isomerization with recycle stream and an MVR heat pump on the deisopentanizer (Configuration 3.4).

Information file.

For the NGL recovery section, the base TCI was estimated to be $142
million. With the RSV process parameters set to recovery 95 mol% of
ethane in the NGL bottom stream, the SPC is $16.56 per tonne
throughput. When switched to the GSP process parameters, this SPC
drops to $15.74 per tonne throughput. However, for the switch in

configuration to be worth the utility savings, the price of ethane must be
within 4.94% of the price of sale natural gas.

For the NGL fractionation section, the base case (configuration 2.1)
has a TCI of $26.6 million at an SPC of $15.93/t. For the double DWC
(configuration 2.2), the TCI drops to $26.0 million with an SPC of
$14.59/t, making this the least costly overall process alternative. The
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Table 1
Annual utility cost, total capital investment (TCI), annual operating cost, and
specific product cost (SPC) per each section of the NGL process.

Sections & Annual TCI Annual SPC SPC
Configurations cost of M$) operating without with
utilities cost (MS/ carbon carbon
(M$/yr) yr) tax ($/t)  tax($/0)

(1.1) NGL Recovery: 10.3 142.0 45.3 16.56 16.56
RSV

(1.2) NGL Recovery: 8.3 142.0 431 15.74 15.74
GSP

(2.1) NGL- 10.7 26.6 20.2 15.93 18.50
Fractionation:
Base

(2.2) NGL- 9.7 26.0 18.5 14.59 16.88
Fractionation:
DDWC

(2.3) NGL- 9.2 29.1 18.9 14.89 16.90
Fractionation:
DWC + BDWC +
MVR

(2.4) NGL- 9.4 62.8 26.7 21.08 22.83
Fractionation:
TC-DWC + BDWC
+ MVR

(2.5) NGL- 10.6 29.7 21.0 16.60 18.99
Fractionation: C3-
SRB/MVR

(3.1) Isomerization: 3.5 39.4 16.7 58.31 63.35
Single Pass

(3.2) Isomerization: 2.6 45.4 17.3 60.33 62.93
Single Pass with
deisopentanizer
MVR

(3.3) Isomerization: 6.4 62.6 26.6 92.64 101.88
C5/C6 Recycle

(3.4) Isomerization 5.2 66.1 26.2 91.70 97.03

C5/C6 Recycle
with
deisopentanizer
MVR

Note: (1.1) NGL Recovery - RSV (1.2) NGL Recovery - GSP (2.1) NGL Frac-
tionation — base case; (2.2) NGL Fractionation - DDWC (2.3) NGL Fractionation -
DWC + BDWC + MVR (2.4) NGL Fractionation - TCDWC + BDWC + MVR (2.5)
NGL Fractionation - C3-SRB/MVR (3.1) Isomerization - Single Pass (3.2) Isom-
erization - Single Pass with deisopentanizer MVR (3.3) Isomerization - C5/C6
Recycle (3.4) Isomerization - C5/C6 Recycle with deisopentanizer MVR.

Utility Energy Cost: Refrigerant(-34 °C) = $13.17/GJ, Refrigerant(-12 °C) =
$6.47/GJ, Cooling Water = $1.29/GJ, Low Pressure Steam = $6.22/GJ, Medium
Pressure Steam = $7.67/GJ, Natural Gas = $5.22/GJ, Electricity = $19.44/GJ.
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second-best alternative based on cost is the heat pump assisted one
(configuration 2.3). With a more expensive TCI of $29.1 million, the SPC
of operating is $14.89/t. Since this configuration cost more than the base
case but realizes larger savings, the savings payback time to the base
case is only 1.83 years. The proposed option (configuration 2.4) for this
section is the thermal coupled deethanizer of the previous configuration,
requiring a significant TCI of $62.8 million. Notably, the hydrogen
sulphide concentrations require more equipment to be made of stainless
steel versus the cheaper alternative of carbon steel. With the increased
column diameter from 3.3 m to 7.1 m for the depropanizer to account for
increased vapor flow, the SPC of this configuration is raised to $21.08/t
to account for equipment write off. For configuration 2.2 and 2.3 to have
the same operating cost, the energy cost of LPS must be raised to $9.59/
GJ, an increase of 48.3%. This is roughly equivalent of decreasing the
electricity to thermal energy (low pressure steam) cost ratio from 3.1 to
2.1. With this increase in steam costs, the new SPC for these configu-
rations is raised to $18.79/t (+-20.0%), $17.38/t (+-19.1%), $17.38/t
(+16.7%), and $23.35/t (+10.8%). Notably, the carbon tax is expected
to increase dramatically over the next few decades, as demand will
continue to grow but will be limited by the fixed production cap. When
combining all sections together (without isomerization or increases in
steam cost and considering the RSV configuration), the total SPC of each
configuration in sequential order is $23.93/t, $23.33/t, $23.45/t,
$25.46/t.

For single pass isomerization, the TCI for the entire section without
MVR is $39.4 million and would operate with an SPC of $58.31/t
throughput. By adding an MVR heat pump to the deisopentanizer, as
shown in Fig. 7, all other costs except for direct cost are increased,
resulting in a TCI of $45.4 million and an SPC of $60.33/t. For the heat
pump to be viable, the energy cost of LPS and MPS would have to be
increased by 36.3%, resulting with an SPC of $62.50/t. This is equiva-
lent to decreasing the electricity to LPS cost ratio from 3.1 to 2.3.

To increase the AKI further, the recycling of n-pentane and n-hexane
is required. For the base case scenario without heat pumps, the TCI is
estimated to be around $62.6 million with an SPC of $92.64/t feed.
When installing the MVR heat pump to the deisopentanizer, as shown in
Fig. 8, the TCl is increased to $66.1 million with an SPC of $91.70/t feed.
In contrast to the single pass isomerization, the addition of the MVR heat
pump to the recycled process is cost effective without external
incentives.

Overall, when combining Configurations 1.1 (RSV) and 2.2 (DDWC)
with Configuration 3.1 (single pass isomerization), the total SPC would
amount to $29.64/t throughput. If a higher AKI product is desired
(Configuration 3.4), the total SPC would be increased to $32.89/t. If
Configuration 2.3 (heat pump assisted BDWC) is preferred over
Configuration 2.2, the total SPC is increased to $29.77/t (AKI = 84.2)

3. Isomerization section
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Utility Energy Cost: Refrigerant (-34°C) = $13.17/GJ, Refrigerant (-12°C) =

$6.47/GJ, Cooling Water = $1.29/GJ, Low Pressure Steam = $6.22/GJ, Medium Pressure Steam = $7.67/GJ, Natural Gas = $5.22/GJ, Electricity = $19.44/GJ

Fig. 9. Overview of the economic analysis for the NGP process including all sections.
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and $33.03/t (AKI = 89.6), respectively.

3.3. Sustainability metrics

The sustainability of the process can be evaluated using several
metrics proposed by industrial experts: material and energy intensity,
water consumption, toxic and pollutant emissions, greenhouse gas
(GHG) emissions. Lower values means of these metrics represent a better
performance in terms of sustainability [28,29]. An overview of the
sustainability metrics for each configuration is provided in Table 2.

e Material intensity (MI) expresses the mass of wasted materials (not
converted to desirable product) per unit of output. In the NGL pro-
cess, the only section to have generated waste is the isomerization
section when stabilizing the isomerate after reaction. This waste is
expected to be flared at 7.37 kgyaste/tONNEjsomerate fOr the single pass
isomerization and at 11.8 Kkgwaste/tONNE€jsomerate for the recycled
configuration.

e Energy intensity (EI) represents the primary energy consumed per unit
of output. Only the electricity (used also for heat pumps and refrig-
eration), reboiler and additional heater duties were accounted for
energy intensity. The NGL recovery section requires 136 kJ/kg for
the RSV configuration and 108 kJ/kg for the GSP configuration,
making the first section actually the least energy intensive section.
For the NGL fractionation section, the EI in sequential order is 850
kJ/kg (Configuration 2.1), 744 kJ/kg (Configuration 2.2), 676 kJ/kg
(Configuration 2.3), and 643 kJ/kg (Configuration 2.4). As expected,
the addition of heat pumps lowers overall energy input by upgrading
otherwise lost low-quality heat into useable heat. The same trend can

Table 2
Sustainability metrics (material intensity, energy intensity, water consumption,
greenhouse gases emissions) for each section of the NGL process.

Material
intensity
(kgwaste/

tisomerate)

(1.1) NGL Recovery: - 136 - -
RSV

(1.2) NGL Recovery: - 108 - —
GSP

Sections &
Configurations

Energy Water GHG
intensity consumption emissions
(kJ/kg) %/ (kgcoz/t)

(2.1) NGL- - 850 2.07 55.9
Fractionation: Base

(2.2) NGL- - 744 1.69 48.9
Fractionation:
DDWC

(2.3) NGL- - 676 1.45 43.7
Fractionation:
DWC + BDWC +
MVR

(2.4) NGL- - 643 1.33 39.7
Fractionation:
TC-DWC + BDWC
+ MVR

(2.5) NGL- - 812 1.93 52.6
Fractionation: C3-
SRB/MVR

(3.1) Isomerization: 7.37 1730 5.03 109.4
Single Pass

(3.2) Isomerization: 7.37 1070 2.72 56.3
Single Pass with
deisopentanizer
MVR

(3.3) Isomerization: 11.8 3150 9.14 200.1
C5/C6 Recycle

(3.4) Isomerization: 11.8 2130 5.47 115.3
C5/C6 Recycle
with
deisopentanizer
MVR
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be seen in the isomerization section, where EI drops from 1.73 to
1.07 MJ/kg in the single pass configuration, and from 3.15 to 2.13
MJ/kg for the recycling of pentane and hexane configuration.
Water consumption expresses the amount of water used per unit of
output. It is considered that 7% of water is lost to natural evaporation
in cooling towers [28], and the steam condensate has a recovery rate
of 70% to account for potential steam leaks, condensate losses, steam
trap failures, and other possible inefficiencies in the steam genera-
tion and usage process [30]. Thus, the water consumption found for
NGL fractionation is as follows sequentially: 2.07 m®/t, 1.69 m>/t,
1.45 m®/t, 1.33 m®/t, 1.93 m®/t. Using heat pumps reduces the water
consumption since the heat required for operations is delivered from
the upgrading the heat rejected at the condenser [31]. Through the
minimization of external utility demands, less water will be sub-
jected to losses, allowing for a more sustainable closed loop system.
The same can be seen in the isomerization section where water
consumption drops from 5.03 to 2.72 m>/t in single pass and from
9.14 to 5.47 m®/t in the recycled configuration.

Greenhouse gas (GHG) emissions expresses the total GHG emitted per
unit of output. Arguably the most important sustainability metric,
GHG emissions based on steam production was accounted for using
an efficiency factor of 0.85 and a CO; emission factor of 5.589 x
108 kg COy/J from natural gas [32]. For NGL fractionation, the
GHG emissions are estimated to be as followed in sequential order:
55.9 kg/t, 48.9 kg/t, 43.7 kg/t, 39.7 kg/t. For isomerization, MVR
reduces the GHG emissions from 109.4 kg/t to 56.3 kg/t for single
pass and 200.1 kg/t to 115.3 kg/t for the recycled configuration.
Considering a carbon tax of $46.15/t, the new SPC for the fraction-
ation section in sequential order is $18.50/t (+16.2%), $16.88/t
(+15.7%), $16.90/t (13.5%), and $22.83 (+8.28%) [33]. For the
isomerization section, the addition of an MVR heat pump to both
configurations decreases the SPC from $63.35/t to $62.93/t for
single pass and $101.88/t to $97.03/t for the recycling of pentane
and hexane configuration.

4. Conclusions

The main sections of natural gas refinement (recovery and frac-
tionation) and a third section for upgrading natural gasoline are suc-
cessfully and rigorously designed, simulated, optimized, economically
and sustainably assessed. New intensified technologies as part of a large
process flowsheet with energy/mass recycles for all sub-sections of the
NGL process were explored and integrated from a holistic viewpoint,
and a fair comparison was made on the same basis in terms of key
economic and sustainability metrics. Overall, for the different NGL
process configurations proposed based on intensified fluid separation
technologies, using internal thermal coupling and heat pumps have
systematically improved all the sustainability metrics.

e For the NGL recovery section (section 1), the enhanced RSV config-
uration is the most economically profitable. It results in full heat
recovery of the reboiler duty of the demethanizer (2.9 MW energy
savings), requiring only 8 MW of power for refrigeration and 12.9
MW for gas compressor power. The enhanced gas subcooled process
(GSP) results in 17.9% reduction of refrigerant duty, 20.2% reduc-
tion of electrical duty, and 19.9% reduction of total utility cost
(ethane recovery reduces to 79.9 mol%). The bounds of efficient
ethane recovery in the NGL recovery section are between 95 and
79.9 mol% recovery, operating between a $16.56-15.74/t SPC. For
the GSP configuration to be profitable, the price of ethane must be
within a 4.94% price margin of the sale gas.

For the NGL fractionation section (section 2), Configuration 2.2
(standard double DWC) is the most economical process. However,
Configuration 2.3 (DWC followed by heat pump assisted BDWC) is
found to be more sustainable due to its lower overall utilities as well
as less sensitive to carbon taxation with a similar specific product
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cost of ~$16.90/t (including carbon tax). Overall, 29.5% total utility
cost saving, 8.65% total operating cost saving, and 21.8% reduction
of total GHG emissions are achieved. In addition, Configuration 2.4
(thermal coupled deethanizer to Configuration 2.3) is proved to be
the most eco-friendly but the CAPEX is too high for it to be profitable.
Therefore, the resulting enhanced process (without isomerization) is
the combination of Configuration 1.1 (RSV Configuration) with
Configuration 2.3 (DWC followed by heat pump assisted BDWC),
leading to a total SPC of $23.45/t (or $24.38/t with carbon tax).

For the natural gasoline isomerization section (section 3), the addi-
tion of an MVR heat pump to the deisopentanizer is not economical
for single pass isomerization (unless steam cost is higher by 36.3%)
due to external factors, such as carbon taxation. In contrast, the
addition of MVR to the C5/C6 recycled configuration can dramati-
cally reduce utility use (by 19.1%) and GHG emissions (by 42.4%).
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