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“[T]he supreme mystery of despotism, its prop and stay, is to keep men in a state of de-
ception, and with the specious title of religion to cloak the fear by which they must be 
held in check, so that they will fight for their servitude as if for salvation, and count it no 
shame, but the highest honour, to spend their blood and their lives for the glorification of 
one man”1. However, “a fundamental element of human nature is the need for creative 
work, for creative inquiry, for free creation without the arbitrary limiting effect of coer-
cive institutions”2. So, “a decent society should maximise the possibilities for this funda-
mental human characteristic to be realised. That means trying to overcome the elements 
of repression and oppression and destruction and coercion that exist in any existing soci-
ety” 2, and the “ultimate purpose [of the state should not be] to exercise dominion nor to 
restrain men by fear and deprive them of independence, but on the contrary to free every 
man from fear so that he may live in security as far as is possible, that is, so that he may 
best preserve his own natural right to exist and to act, without harm to himself and to 
others” 3. In addition, “[i]n a free commonwealth every man may think as he pleases, and 
say what he thinks”3. 

 

 

 

 

 

 

 

1: Baruch Spinoza, Tractatus Theologico-Politicus, Preface, 1670. 
2: Noam Chomsky, Human Nature: Justice versus Power. Noam Chomsky debates with Michel Foucault, 1971. 
3: Baruch Spinoza, Tractatus Theologico-Politicus, Ch 20, 1670. 
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To all great people who not only interpreted the world, but also changed it… 
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SUMMARY 

 

In the following decades, biomass will play an important role among the other 
renewable energy sources globally as it is already the fourth largest energy re-
source after coal, oil and natural gas. It is possible to obtain gaseous, liquid or solid 
biofuels from biomass via thermochemical or biochemical conversion routes. 
Among them, gasification is one of the most favorable options as the products can 
serve all types of energy markets: heat, electricity and transportation. Convention-
al gasification is an excellent method for dry ligno-cellulosic biomass feedstocks. 
However, in case of wet biomass with a high moisture content, it results in a nega-
tive impact on the energy efficiency of the gasification process due to the fact that 
drying costs more energy than the energy content of the product for some very 
wet biomass types. An alternative method applied for the conversion of wet bio-
mass such as sewage sludge, cattle manure and food industry waste is anaerobic 
digestion. This process is however characterized by a slow reaction rate and typi-
cal residence times are almost 2–4 weeks. Besides, the fermentation sludge and 
wastewater from the reactors should further be treated.  

The supercritical water gasification (SCWG) process is an alternative to both 
conventional gasification as well as the anaerobic digestion processes for conver-
sion of wet biomass. This process does not require drying and the process takes 
place at much shorter residence times; a few minutes at most. Supercritical water 
gasification is therefore considered to be a promising technology for the efficient 
conversion of wet biomass into a product gas that after upgrading can be used as 
substitute natural gas. The main reason why supercritical water gasification is a 
promising technology is due to the favorable thermo-physical properties of water 
and the way they change in the supercritical region which causes water to act as a 
solvent as well as a catalyst. Furthermore, through hydrolysis reactions, water also 
acts as a reactant. Gasification of biomass is mainly influenced by the density, vis-
cosity and dielectric constant of water. Above the critical point, physical properties 
of water drastically change and water behaves as a homogeneous fluid phase. In 
its supercritical state, water has a gas-like viscosity and liquid-like density, two 
properties which enhance mass transfer and solvation properties, respectively. Be-
sides, when water enters its supercritical phase, the dielectric constant drastically 
decreases. Water thus starts to behave like an organic, non-polar solvent which re-
sults in poor solubility for inorganics, and complete miscibility with gases and 
many hydrocarbons. Due to its miscibility, phase boundaries do not exist any-
more. This absence leads to fast and complete homogeneous reactions of water 
with organic compounds. 
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This dissertation focuses on the three aspects of SCWG of biomass systems: i) 
thermodynamic equilibrium modeling, ii) experimental approaches and iii) pro-
cess modeling. 

In Chapter 2, the state of the art of the supercritical water gasification technolo-
gy starting from the thermophysical properties of water and the chemistry of reac-
tions to previous studies on modeling and experimental approaches, and the pro-
cess challenges of such a biomass based supercritical water gasification plant is 
presented.  

In Chapter 3, the thermodynamic equilibrium modeling of SCWG of biomass is 
presented in two sub-chapters. In the first sub-chapter, commercial software pack-
ages are dealt with to model the gasification process of a pig–cow manure mixture 
in supercritical water. The phase and compound behavior of elements, behavior of 
gas products and water are investigated. Besides, the influence of pressure and dry 
biomass concentration on the gas yields are reported. In the second sub-chapter, a 
multi–phase thermodynamic equilibrium model is described. The model is vali-
dated by comparing the predictions with the various experimental results. A case 
study concerning microalgae gasification in supercritical water was performed. 
The phase and compound behavior of elements and behavior of gas products are 
investigated. Additionally, the influence of pressure and dry biomass concentra-
tion on the gas yields as well as the phase behavior of elements are studied and 
reported. 

In Chapter 4, constrained equilibrium model is tested for SCWG of biomass 
systems in order to model systems which do not reach to their thermodynamic 
equilibrium state. Additional constraints are introduced into the developed multi–
phase thermodynamic equilibrium model, which is described in Chapter 3, and 
the importance of the additional constraints are tested by comparing the predic-
tions of the model with the experimental results available in the literature. 

In Chapter 5, the experimental methods used in this work are described. A new 
and novel type of experimental setup which incorporates a fluidized bed reactor is 
designed with and manufactured by Gensos B.V. The setup has a capacity of 50 
l/h and allows for clogging-free conditions for the experiments. 

In Chapter 6, the results of the experiments for starch are given. The influence 
of reactor temperature and feed flow rate are investigated. The results include not 
only the gas composition but also the temperature profile along different process 
units and the velocity profile along the reactor for different process conditions. The 
observed process challenges are also reported in this chapter. 

In Chapter 7, process modeling of SCWG of biomass is presented in two sub-
chapters. In the first sub-chapter, SCWG of biomass process is modeled with an 
assumption of partial conversion in the pre-heater and a thermodynamic equilib-
rium in the reactor. Constrained equilibrium modeling, described in Chapter 4, is 
used to model pre-heater and the multi-phase thermodynamic equilibrium model 
described in Chapter 3, was used to model the reactor. The influence of the inor-
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ganic content of the biomass on the final products and thermal behavior of the 
process is investigated and the results are reported in detail. In the second sub-
chapter, based on the existing literature data, an integrated kinetic model consist-
ing of decomposition and gasification reactions of cellulose, hemi-cellulose, lignin 
and protein is developed for the modeling of pre-heater and reactor of such a 
SCWG of biomass plant. The influence of biomass feedstock type, temperature and 
reactor residence time is investigated and the results are reported in detail. 

Finally, in Chapter 8 main concluding remarks are provided, as well as recom-
mendations for future research. 
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SAMENVATTING 

 

In de komende decades zal biomassa wereldwijd een belangrijke rol spelen te-
zamen met andere duurzame energiebronnen, aangezien het nu al de vierde plaats 
inneemt na de grootste energiebronnen kolen, olie en aardgas. Het is mogelijk om 
biobrandstoffen te produceren in de vorm van gas, vloeistof en vaste stof uit bio-
massa via thermochemische en biochemische conversieroutes. Vergassing is een 
van de meest aantrekkelijke opties, omdat de producten hiervan alle energie-
marktsegmenten kunnen bedienen: warmte, elektriciteit en transport. Conventio-
nele vergassing is een voortreffelijke conversie technologie voor droge ligno-
cellulose biomassavoedingen. Echter, in het geval van natte biomassa met een 
hoog vochtgehalte resulteert dit in een negatieve invloed op de energetische effici 
ëntie van het vergassingsproces vanwege het feit dat droging meer energie kost 
dan de energie-inhoud bedraagt van de voeding voor sommige erg natte biomassa 
soorten. Een alternatieve technologie die wordt toegepast voor conversie van natte 
biomassa, zoals rioolslib, dierlijke mest en residuen uit de voedingsmiddelenin-
dustrie, is anaerobische vergisting. Dit proces, echter, wordt gekarakteriseerd door 
een lage reactiesnelheid en de typische verblijftijd in een vergister is bijna 2–4 we-
ken. Daarnaast moet ook nog het digestaat van de fermentatie en afvalwater van 
de reactoren verder worden behandeld.  

Het superkritisch water vergassingsproces vormt een alternatief voor zowel 
conventionele vergassing alsmede voor de anaerobische vergistingsprocessen van 
natte biomassa. Dit proces vergt geen droging en het vindt plaats bij veel kortere 
verblijftijden; hooguit een paar minuten. Superkritisch water vergassing wordt 
daarom beschouwd als een veelbelovende technologie voor de efficiënte conversie 
van natte biomassa in een productgas dat na verdere bewerking kan worden ge-
bruikt als substituut aardgas. De belangrijkste reden waarom superkritisch water 
vergassing een veelbelovende technologie is, is vanwege de gunstige thermofysi-
sche eigenschappen van water en hoe deze veranderen in het (nabij) superkritische 
gebied, wat ervoor zorgt dat  water zich gaat gedragen als zowel oplosmiddel als 
katalysator. Voorts gedraagt water zich door hydrolyse reacties ook nog eens als 
reactant. Vergassing van biomassa in superkritisch water wordt hoofdzakelijk be-
invloed door de dichtheid, viscositeit en de diëlectrische constante van water. Bo-
ven het kritieke punt veranderen de fysische eigenschappen van water drastisch 
en gedraagt water zich als een homogeen fluïdum. In superkritische toestand heeft 
water een gasachtige viscositeit en een vloeistofachtige dichtheid, twee eigen-
schappen die respectievelijk stoftransport en solvatatie eigenschappen bevorderen. 
Tevens neemt de waarde van de diëlectrische constante drastisch af wanneer wa-
ter in superkritische toestand wordt gebracht. Water begint zich dan te gedragen 
als een organisch, niet-polair oplosmiddel, hetgeen resulteert in slechte oplosbaar-
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heid voor anorganische componenten en complete menging met gassen en veel 
koolwaterstoffen. Dankzij dit menggedrag bestaan er geen fasengrenzen meer. 
Deze afwezigheid daarvan leidt tot snelle en totale homogene reacties van water 
met organische verbindingen. 

Dit proefschrift is gericht op de drie volgende aspecten van superkritisch water 
vergassingssystemen voor biomassa: i) modellering van thermodynamisch even-
wicht, ii) experimenteel onderzoek en iii) procesmodelering. 

In Hoofdstuk 2 wordt de status van superkritisch water vergassingstechnologie 
gepresenteerd, beginnend bij de thermofysische eigenschappen van water en de 
chemie van de reacties tot voorgaande studies betreffende modellering, experi-
menteel onderzoek en uitdagingen betreffende processen van een productieplant 
op basis van superkritisch water vergassing.  

In Hoofdstuk 3 wordt de thermodynamische evenwichtsmodellering van su-
perkritisch water vergassing van biomassa gepresenteerd in twee paragrafen. In 
de eerste paragraaf worden commerciële software pakketten behandeld voor de 
modellering van het vergassingsproces van een mengsel van varkens- en runder-
mest in superkritisch water. Het fasengedrag alsmede het partitiegedrag van de 
elementen over verbindingen en het gedrag van gasvormige producten en water 
worden hierin bestudeerd. Tevens wordt de invloed van druk en droge biomassa 
concentratie op de gas productopbrengst gerapporteerd. In de tweede paragraaf 
wordt een meerfasen thermodynamisch evenwichtsmodel beschreven. Het model 
wordt gevalideerd door vergelijking van de voorspellingen met de diverse be-
schikbare experimentele resultaten. Een casus betreffende de vergassing van  mi-
croalgen in superkritisch water wordt hierin gepresenteerd. Het fasengedrag en 
het  partitiegedrag van de elementen over verbindingen, alsmede het gedrag van 
gasvormige producten wordt hierin bestudeerd. Tevens worden de invloed van 
druk en droge biomassaconcentratie op de gas productopbrengsten bestudeerd en 
gerapporteerd. 

In Hoofdstuk 4 wordt een evenwichtsmodel met beperkende randvoorwaarden 
getest voor wat betreft systemen van superkritisch water vergassing van biomassa 
aangaande  die modelsystemen die niet de staat van thermodynamisch evenwicht 
bereiken. Additionele beperkende randvoorwaarden worden geïntroduceerd in 
het ontwikkelde multifasen thermodynamisch evenwichtsmodel welke  is be-
schreven in Hoofdstuk 3, en het belang van de additionele beperkende randvoor-
waarden wordt getest door de voorspellingen van het model te vergelijken met de 
experimentele resultaten die beschikbaar zijn in de literatuur. 

In Hoofdstuk 5 worden de experimentele methodes, die in dit werk zijn ge-
bruikt, beschreven. Een nieuw innovatief type experimentele opstelling is ontwor-
pen, waarin een wervelbed reactor is geïntegreerd; deze is opgeleverd door het 
bedrijf Gensos BV. De opstelling heeft een capaciteit van 50 l/h en is veelbelovend 
voor wat betreft het realiseren van verstoppingsvrije experimentele condities. 
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In Hoofdstuk 6 worden de resultaten van de experimenten op basis van zet-
meel gegeven. De invloed van de reactortemperatuur en het debiet van de voeding 
worden hierin bestudeerd. De resultaten omvatten niet alleen de gassamenstelling, 
maar ook het gemeten temperatuurprofiel over de verschillende procescomponen-
ten en het snelheidsprofiel over de reactor voor verschillende procescondities. De 
waargenomen uitdagingen van het proces worden in dit hoofdstuk ook gerappor-
teerd. 

In Hoofdstuk 7 wordt de procesmodellering van superkritisch water vergas-
sing van biomassa gepresenteerd in twee paragrafen. In de eerste paragraaf wordt 
het op biomassa gebaseerde superkritisch water vergassingsproces gemodelleerd 
gebaseerd op een aanname van partiële conversie in de voorverhitter en thermo-
dynamisch evenwicht in de reactor. Evenwichtsmodellering met beperkende 
randvoorwaarden, zoals beschreven in Hoofdstuk 4, wordt toegepast om de voor-
verhitter te modelleren en het multifasen thermodynamisch evenwichtsmodel, be-
schreven in Hoofdstuk 3, wordt gebruikt om de reactor te modelleren. De invloed 
van anorganische bestanddelen van de biomassa op de eindproducten en het 
thermische gedrag van het proces wordt bestudeerd en de resultaten worden in 
detail beschreven. In de tweede paragraaf wordt, gebaseerd op bestaande litera-
tuurdata, een geïntegreerd kinetisch model ontwikkeld, dat bestaat uit decomposi-
tie- en vergassingsreacties van cellulose, hemicellulose, lignine en eiwit, voor de 
modellering van de voorverhitter en reactor van een dergelijke procesinstallatie 
gebaseerd op superkritisch water vergassing van biomassa. De invloed van de 
biomassavoeding, temperatuur en verblijftijd in de reactor wordt onderzocht en de 
resultaten worden in detail gerapporteerd. 

Tenslotte worden in Hoofdstuk 8 de belangrijkste conclusies getrokken en 
worden ook aanbevelingen gegeven voor toekomstig onderzoek. 
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5–HMF Hydroxymethylfurfural 

CGE Carbon gasification efficiency 

DCC Dissolved carbon conversion 

EoS  Equation of state 

GC  Gas chromatography 

GE  Gasification efficiency 

GFEM Gibbs free energy minimization 

GTE Global thermodynamic equilibrium 

HEX, HX Heat exchanger 

HGE Hydrogen gasification efficiency 

HKF Helgeson–Kirkham–Flowers 

HP  High pressure 

LP  Low pressure 

PLC Programmable logic controller 

RCCE Rate–controlled constrained–equilibrium 

SCC Solid carbon conversion 

SCW Supercritical water 

SCWG Supercritical water gasification 

TOC Total organic carbon 

WSHS Water soluble humic substances 

wt  Weight 

  

Symbols 

a  Peng-Robinson EoS parameter (N∙m4∙mol-2), activity (–), number 

of ions in the salt molecule (–) 

a   Ion size parameter (Angström) 

ag  Fitting parameter for calculating effective electrostatic radius (–) 
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A  Peng-Robinson EoS parameter (–), fitting parameter for solid sol-

ubility in fluid (–), pro-exponential factor (s-1) 

Aγ  Electrostatic Debye-Hückel parameter (kg0.5∙mol-0.5)  

Å  Angström (=10-10 m) 

Ar  Archimedes number 

b  Peng-Robinson EoS parameter (m3∙mol-1), Number of ions in the 

salt molecule (–) 

bg  Fitting parameter for calculating effective electrostatic radius (–) 

bil, bni, bnl  Short range interaction terms for calculating activity coefficients 

 (–) 

bk  Electrostatic parameter for calculating activity coefficients (–) 

ˆ
kb   Electrostatic parameter for calculating bk (–) 

B  Peng-Robinson EoS parameter (–), Fitting parameter for solid sol-

ubility in fluid (–) 

Bγ  Electrostatic Debye-Hückel parameter (kg0.5∙mol-1∙cm-1)  

C  Concentration (kg∙mol-1)  (in Equation 3.58) 

Cp  Specific heat at constant pressure (kj∙mol-1∙K-1)  

D  Diameter (m) 

Dn  Discrimination number (–)   

Ea  Activation energy (kj∙mol-1) 

f  Fugacity (Pa), Fitting parameter for calculating effective electro-

static radius (–), Fluid 

g  Gibbs free energy (kj∙mol-1), Fitting parameter for calculating ef-

fective electrostatic radius, Gravitational acceleration (m∙s-2) 

G  Gibbs free energy (kj∙mol-1) 

H  Enthalpy (kJ∙mol-1) 

I  Ionic strength  (–) 

Keq  Equilibrium constant (–) 

m  Molality (mol∙kg-1), Mass (kg) 

Me  Salt cation (–) 

n  Molar amount of a compound (mol) 

N  Total molar amount of a phase (mol) 

p  Pressure (Pa) 



 

xxxv 

 

R  Universal gas constant (J∙mol-1∙K-1) 

Re  Reynolds number (–) 

re,j
  Effective electrostatic radius of the jth aqueous species (Angström)  

re,j,Pr,Tr Effective electrostatic radius of the jth aqueous species under the 

condition of Pr = 1 bar, Tr = 298.15 K (Angström) 

S  Entropy (kj∙mol-1∙K-1) 

s  Solid  (–) 

T  Temperature  (K) 

t  Total  (–) 

u  Velocity (m∙s-1) 

x  Mole fraction  (–) 

X  Salt anion  (–) 

yk  Stoichiometric ionic strength fraction  (–) 

V  Volume (m3) 

Z  Compressibility factor  (–), Charge of an aqueous species  (–) 

 

Greek symbols 

ϵ  Dielectric constant of pure water  (–) 

φ  Phase index  (–) 

γ  Mole fraction based activity coefficient  (–) 

Γγ  Mole fraction to molality based conversion factor  (–) 

ρ  Density of water (g∙ml-1) (in Equation 3.43) 

̂   Dimensionless density parameter  (–) 

μ  Chemical potential (kj∙mol-1), visocity (Pa∙s) 

ϕ  Fugacity coefficient (–), osmotic coefficient of water (–) 

η  Electrostatic parameter (Å∙cal∙mol-1) 

τ  Residence time 

ν  Molar volume (m3∙mol-1) 

kv   Stoichiometric number of moles of ions in one mole of the kth 

thermodynamic  component of an electrolyte solution (–) 

,j kv   Stoichiometric number of moles of the jth ion (mole of the kth 

component of an electrolyte solution)-1 (–) 



 

xxxvi 

 

ω  Acentric factor (–), Born parameter (cal∙mol-1) 

δ  Critical volume parameter (m3∙mol-1) 

ψ  Ionic charge parameter (–) 

Subscripts 

0  Standard/reference 

f  Fluid 

i  Compound i, anion i 

j  Aqueous compound j 

k  Compound k of an electrolyte solution 

l  Cation l 

q  Aqueous complex q 

c  Critical property 

m  Molar based 

mf  Minimum fluidization 

n  Neutral aqueous compound 

p  Particle 

t  Terminal 

w  Water 

 

 

Superscripts 

0  Standard/Reference 

*  Sum 

t  Total 

 

Over scripts 

~  Molality based 

–  True 

^  Component in a mixture 

.  Flow rate 
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1.1. BACKGROUND INFORMATION 

Ever since the industrial revolution, global energy demand and consumption 
have increased drastically and it is predicted to increase even more in the near fu-
ture. U.S. Energy Information Administration [1] foresees a 56% increase in the 
world energy consumption as well as in the natural gas demand in the following 
30 years. In OECD Europe, natural gas consumption will increase from 540 to 680 
billion cubic meters from 2015 to 2040. In contrast, the natural gas production in 
OECD Europe will increase only from 254 to 280 billion cubic meters. It is a fact 
that with such consumption rates, the fossil fuel reserves will deplete eventually. 

It is not only the depletion problem that the fossil fuels face. More importantly, 
fossil fuels are associated with environmental problems. CO2 emissions have al-
ready increased from 21.5 to 33.5 billion metric tons from 1990 to 2014, and in 2040 
it is expected to reach 45.5 billion metric tons of which 10 billion metric tons origi-
nate from natural gas [1]. 

Fortunately, the interest in renewable energy is also increasing. Consumption 
of renewable energy will double and the share of the renewables in the world’s 
energy consumption is expected to increase from 11% in 2010 to 15% in 2040 [1]. 

Biomass will play an important role among the other renewable energy sources 
globally as it is already the fourth largest energy resource after coal, oil and natural 
gas [2]. Furthermore, in particular non-food ligno-cellulosics are among the most 
sustainable energy sources which have the potential to decrease the fossil fuel con-
sumption. It is possible to obtain gaseous, liquid or solid biofuels from biomass via 
thermochemical or biochemical conversion routes [3]. Thermochemical conversion 
consists of pyrolysis, liquefaction, gasification and combustion, whereas biochemi-
cal conversion consists of fermentation and digestion [4]. Among them, gasifica-
tion is one of the most favorable options as the products can serve all types of en-
ergy markets: heat, electricity and transportation [3].  

However, in case of wet biomass with a high moisture content, it results in a 
negative impact on the energy efficiency of the gasification process due to the fact 
that drying costs more energy than the energy content of the product for some 
very wet biomass types. An alternative method applied for the conversion of wet 
biomass such as sewage sludge, cattle manure and food industry waste is anaero-
bic digestion. This process is however characterized by a slow reaction rate and 
typical residence times are almost 2 – 4 weeks. Besides, the fermentation sludge 
and wastewater from the reactors should further be treated [5].  

The supercritical water gasification (SCWG) process is an alternative to both 
conventional gasification as well as the anaerobic digestion processes for conver-
sion of wet biomass. This process does not require drying and the process takes 
place at much shorter residence times; a few minutes at most [3,5]. Supercritical 
water gasification is therefore considered to be a promising technology for the effi-
cient conversion of wet biomass into a product gas that after upgrading can be 
used as substitute natural gas or hydrogen rich gas. The earliest research goes back 
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as far as the 1970s [6] and since then, supercritical water has been the subject of 
many research works regarding the thermochemical conversion of wet biomass 
[7–9]. 

1.2. MOTIVATION AND SCOPE 

There are many research works in the literature concerning the prediction of 
the product compounds during the supercritical water gasification of a biomass 
process. These works focus either on the reactor modeling or the process modeling 
aspects both of which incorporate a thermodynamic equilibrium approach and as-
sume only the gas phase compounds as the products. However, it is known that 
the suitable wet biomass feedstocks for the SCWG process contain significant 
amounts of inorganic compounds as well. Besides, most of the real SCWG systems 
do not reach to their equilibrium state due to the natural constraints such as short 
residence times, low temperatures, char and tar formations. Therefore, the influ-
ence of the inorganic content of the biomass on both reactor modeling and process 
modeling aspects as well as the non-equilibrium state behaviour of the SCWG of 
biomass systems should be investigated. In addition, even though a fluidized bed 
reactor theoretically offers a clogging free operation as well as higher heat and 
mass transfer rates which enhances the gasification efficiency during SCWG of bi-
omass, it has never been tested at large scales. Thus, an experimental setup that in-
corporates fluidized bed should be designed and tested. The objective of this re-
search may be summarized as follows: 

1. Prediction of the product compounds (minerals, aqueous species and 
gases) with a thermodynamic equilibrium approach and investigating 
the influence of inorganic content of the biomass on the gas phase com-
pounds under equilibrium conditions: a) testing commercial software 
packages and b) developing a thermochemical model. 

2. Investigating the non-equilibrium state conditions of the process. 
3. With the research collaborator, Gensos B.V., designing and performing 

experiments concerning a novel experimental setup which incorporates a 
fluidized bed reactor. 

4. Developing process models to investigate: a) the influence of the inor-
ganic content of the biomass on the final products and thermal behavior, 
and b) the formation behavior of intermediates and gas phase products 
with a kinetic modeling approach. 

1.3.  OUTLINE 

This dissertation is divided into 8 chapters and is organized in the following 
way: 

Chapter 2 presents the literature and technology overview of SCWG of biomass 
process. 
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Chapter 3 concerns the modeling results of the SCWG process with a thermo-
dynamic equilibrium approach. It consists of two sub-chapters: i) the results with 
commercial software packages and ii) the results with a developed model. 

Chapter 4 describes the application of the constrained equilibrium model for 
SCWG of biomass system. 

Chapter 5 depicts the experimental setup that was designed with and manufac-
tured by the research collaborator, Gensos B.V., and the measurement techniques 
used for the analysis of the results. 

Chapter 6 presents the experimental results for the SCWG of starch in that new-
ly manufactured setup. 

Chapter 7 investigates the process modeling analysis of such a SCWG of bio-
mass plant and consists of two sub-chapters: i) a process model based on thermo-
dynamic equilibrium and ii) a process model with an integrated kinetic model. 

Finally in Chapter 8, an overview of the main conclusions, as well as recom-
mendations and future research are described.  
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2. SUPERCRITICAL WATER GASIFICATION OF 

BIOMASS: A LITERATURE AND TECHNOLOGY 

OVERVIEW 

 

In this chapter, the state of the art of the supercritical water gasification technology 
starting from the thermophysical properties of water and the chemistry of reactions to the 
process challenges of such a biomass based supercritical water gasification plant is present-
ed. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

The contents of this chapter have been adapted from: 

O. Yakaboylu, J. Harinck, K.G. Smit, W. de Jong, Supercritical Water Gasification of Biomass: A Litera-
ture and Technology Overview, Energies. 8 (2015) 859–894. doi:10.3390/en8020859. 
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 2.1. PROPERTIES OF NEAR-CRITICAL AND SUPERCRITICAL WATER 

The main reason for the interest in research on supercritical water concerns the 
favorable physical properties of water and the way they change in the supercritical 
region which causes water to act as a solvent as well as a catalyst. Furthermore, 
through hydrolysis reactions, water also acts as a reactant [10]. 

The critical point for pure water is 374 °C and 22.1 MPa [11]. Above this tem-
perature and pressure, water is in its supercritical phase as shown in Figure 2.1.  

 

 

Figure 2.1: Schematic phase diagram of water; data taken from [12]. 

Gasification of biomass is mainly influenced by the density, viscosity and die-
lectric constant of water. Above the critical point, physical properties of water 
drastically change and water behaves as a homogeneous fluid phase. In its super-
critical state, water has a gas-like viscosity and liquid-like density, two properties 
which enhance mass transfer and solvation properties, respectively [3,13]. Figure 
2.2 shows the dielectric constant and Figure 2.3 shows the density of water at vari-
ous pressures and temperatures.  

Liquid water at standard conditions (25 °C and 0.1 MPa) is an excellent polar 
solvent due to its high dielectric constant. It has a high solubility for many com-
pounds and electrolytes, however, it is poorly miscible with hydrocarbons and 
gases. When water enters its supercritical phase, the dielectric constant drastically 
decreases. Water thus starts to behave like an organic, non-polar solvent which re-
sults in poor solubility for inorganics, and complete miscibility with gases and 
many hydrocarbons. Due to its miscibility, phase boundaries do not exist any-
more. This absence leads to fast and complete homogeneous reactions of water 
with organic compounds [10,14]. Figure 2.4 shows the solubility of some salts and 
Figure 2.5 shows the solubility of benzene in supercritical water. 
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Figure 2.2: Dielectric constant of water at various temperatures and pressures; cal-
culated from the equation given in [15]. 

 
Figure 2.3: Density of water at various temperatures and pressures; data taken 
from [12]. 

Figure 2.6 shows the ionic product of water at different conditions. The ionic 
product of water increases with an increase in the pressure, however, the tempera-
ture shows a more complicated effect. At 25 MPa, the ionic product of water in-
creases with temperature and reaches its highest value  of 10-11 at a temperature of 
around 250 °C. Starting from 250 °C, it decreases slightly till the critical tempera-
ture, then having a value of 10-13 and it subsequently decreases drastically with the 
increase in temperature reaching a value of 10-23 at 600 °C [16]. When the ionic 
product of water is relatively high, water acts as an acid or base catalyst due to the 
high concentration of H3O+ and OH- ions. At these conditions (liquid water, high 
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pressure supercritical water and probably the dense gas phase), the main reaction 
pathways are ionic.  

 
Figure 2.4: The solubility of limits of various salts at 25 MPa. Reprinted from [9], 
original data is from [17]. 

However, as it can be seen from Figure 2.6, when the ionic product of water is 
low (steam and less dense supercritical water), the main reactions are radical. 
Around the critical point of water, both ionic and radical reactions take place and 
compete with each other. It is concluded that when the ionic product is higher 
than 10-14, aqueous phase ionic reactions preferably take place and when the ionic 
product is much lower than 10-14, free radical gas phase reactions become domi-
nant. Below the critical temperature, the rate of ionic reactions generally increases 
with an increase in temperature until the critical temperature is reached. Near the 
critical point, the reaction rate decreases drastically and shows a strong and char-
acteristic non-Arrhenius behavior. At the critical point, the reaction rates can de-
crease or increase drastically depending on the chemistry [10,14,18]. 
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Figure 2.5: Benzene solubility in high-pressure water. Reprinted from [9], original 
data is from [19]. Please note that at 300 °C and above, the phases become com-
pletely miscible between 17 and 47 MPa 

 
Figure 2.6: Ionic product of water (in log10 scale) at various temperatures and pres-
sures; data taken from [16] 

Another interesting phenomenon that is observed concerning the thermophysi-
cal property of supercritical water is its change of the isobaric heat capacity, denot-
ed with Cp. Figure 2.7 shows the isobaric heat capacity of water at various temper-
atures and pressures. Please note that at the critical point, Cp of water tends to ap-
proach infinity and becomes not measurable (the highest value of Cp given by [12] 
is at 373.91 °C with a value of 2.4355x105J·mol-1·K-1). When the water shifts to its 
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supercritical phase from liquid phase, its latent heat tends to zero. Instead, there is 
a high Cp value which mimics the high energy demand for the phase change. 
However, the increase in the pressure results in a decrease of the Cp value. 

 

 
Figure 2.7: Isobaric heat capacity of water at various temperatures and pressures; 
data taken from [12]. 

The changes in the thermophysical properties of water, especially the disap-
pearance of the phase boundaries and non-polar like solvent behavior, gives the 
opportunity for salt separation and tar-free gasification of biomass due to the salt 
precipitation, and dissolution and conversion of tar-precursors in a hydrothermal 
medium. The term hydrothermal refers to an aqueous system at temperatures and 
pressures near or above the critical point of water [13].  

2.2. HYDROTHERMAL CONVERSION OF ORGANIC FEEDSTOCKS  

Hydrothermal conversion of biomass can be classified as carbonization, oxida-
tion, liquefaction and gasification depending on the process parameters. Each of 
these routes results in different products varying from biochar to hydrogen rich 
gas [20–24]. Hereafter they are briefly summarized. 

2.2.1. Carbonization 

Hydrothermal carbonization (HTC) is the (pre)treatment of lignocellulosic bi-
omass in hot (180 – 280 °C) compressed water at residence times varying from 
minutes to hours. The solid product is hydrophobic and reported to be similar to 
lignite by means of ultimate analysis. Besides, it can be easily pelletized. By-
products include aqueous sugars, acids, carbon dioxide and water [21].  
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2.2.2. Oxidation 

Supercritical water oxidation (SCWO) has been the main research topic in the 
1990s regarding the hydrothermal conversion of biomass. It is an effective technol-
ogy for the treatment of organic compounds resulting in CO2 and H2O as the main 
products as well as N2 when nitrogen containing compounds are treated. The pro-
cess takes place at very short residence times (less than 50s at around 650 °C). The 
main application of SCWO is the destruction of wastewaters and sludges [25,26]. 

2.2.3. Liquefaction 

Hydrothermal liquefaction (HTL) is a technology which enables the conversion 
of biomass into clean liquid fuels (so called “biocrude” or “biooil”). The process 
takes place in the presence of water or water-containing solvent/co-solvent. The 
most efficient conversion can be obtained in the presence of a catalyst (mostly al-
kaline based) at a temperature of 200 – 400 °C and at a pressure 5 – 25 MPa. The 
process’ oily product can be defined as a viscous crude oil replacement. However, 
it has been reported to show important differences as compared to conventional 
crude such as having a significantly higher oxygen content which (may) require an 
upgrading process [9,24]. 

2.2.4. Gasification 

Gasification of organic feedstocks in a hydrothermal medium can be performed 
at different temperatures and pressures, or in the presence of a catalyst. It can be a 
catalytic gasification process at subcritical conditions (225 – 265 °C and 2.9 – 5.6 
MPa) [27], a low temperature catalytic gasification process at supercritical condi-
tions (near critical temperatures to ~500 °C) and a high temperature non-catalytic 
gasification process (at temperatures higher than 500 °C) [9]. It has significant ad-
vantages over the other biomass conversion routes by means of heat utilization 
when the moisture content of the feedstocks exceeds 30 wt.%. Figure 2.8 shows the 
comparison of supercritical water gasification (SCWG) with the other biomass 
conversion routes on heat utilization efficiency basis. Another comparison be-
tween conventional gasification and SCWG can be made based on the works of 
Gassner et al. [28] and van der Meijden et al. [29]. Here, both of the authors inves-
tigated the energy efficiencies of wood gasification processes. The results of 
Gassner et al. [28] showed that the overall energy efficiency for a wood gasification 
process targeting the production of synthetic natural gas (SNG) in SCWG is 70 %. 
The overall energy efficiency is given in Equation 2.1 as  

0

0

,

SNG SNG

biomass biomass daf

h m E Q

h m E


  

 

  

 

      (2.1) 

where 0

SNG
h refers to the lower heating value (LHV), m refers to the mass flow, E

refers to the mechanical or electrical power, Q refers to the heat flow and daf  refers 
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to the dry ash free basis. The superscripts – and + refers to the flows leaving the 
system and flows entering the system, respectively. The same net efficiency for a 
SNG production process from wood were found to be 54.3 % for an entrained flow 
gasifier operating at 3 MPa, 58.1 % for a circulating fluidized bed operating at 1 
MPa and 66.8 % for an allothermal gasifier operating at 0.1 MPa on LHV basis [29].   

 
Figure 2.8: Total efficiency of heat utilization processes versus biomass moisture 
content; data taken from [30]. The total efficiency is defined as the energy content 
of the product divided by the energy content of all energy inputs to the process. 

Supercritical water gasification of biomass can be performed under different 
process conditions with different feedstocks. The feedstock can be varied from 
simple model biomass compounds to complex real biomass feedstocks with or 
without the presence of catalyst at batch or continuous conditions. The experi-
mental and modelling approaches of supercritical water gasification (SCWG) of 
biomass are described in detail in the next sections. 

2.3. SUPERCRITICAL WATER GASIFICATION OF BIOMASS: EXPERIMENTAL AP-

PROACHES 

2.3.1. Understanding the chemistry 

Understanding the gasification reaction pathways of a real biomass is quite 
challenging due to the complex nature of a real biomass feedstock. However, per-
forming experiments with representative model biomass compounds gives the 
opportunity to understand how the main ingredients of a real biomass could be-
have under the same process conditions. Cellulose, hemicellulose and lignin con-
tent of the biomass is generally represented by their monomers such as glucose, 
xylose and guaiacol, whereas the protein content of the biomass is represented by 
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some major amino acids. Effects of inorganic content of the biomass are tested by 
performing model biomass experiments in the presence of some salt solutions. 

Biopolymers: Cellulose conversion in supercritical water has been the subject 
of studies presented by Sasaki et al. [31,32] and Resende et al. [33]. The results 
show that cellulose undergoes a rapid hydrolysis and decomposes to its monomer 
glucose at very short residence times as short as 3 s at 400 °C. At higher tempera-
tures, intermediate species formation starts and from these intermediates further 
gaseous compounds are formed. Real biomass derived hemicellulose conversion 
has not been investigated so far, however lignin conversion has been investigated 
by Yong and Matsumura [34,35] and Resende et al. [36]. The results show that lig-
nin is mainly decomposed to guaiacol which further decomposes to other inter-
mediates. These intermediates then form permanent gas products at higher tem-
peratures. Char can be formed directly from lignin or through these intermediates. 

Monomers: Glucose has been the main research focus among the other model 
biomass derived sugar compounds. The earliest research has been conducted by 
Amin et al. [6] in 1975. Lee et al. [37], Hao et al. [38], Williams and Onwudili [39], 
Goodwin  and Rorrer [40], and Güngören Madenoğlu et al. [41] have all performed 
parametric studies on the gasification of glucose in supercritical water. As ex-
pected, the increase in the temperature and residence time resulted in increased 
glucose conversion to gaseous products enhancing hydrogen production at higher 
temperatures.  

Kabyemela et al. [42] and Matsumura et al. [43] have examined the glucose de-
composition pathways in supercritical water. They have proposed reaction path-
ways and determined the reaction rate constants for various temperatures. Ka-
byemela et al. [42] proposed that glucose undergoes an isomerization reaction to 
form fructose and then forms intermediates such as acids and 5-
Hydroxymethylfurfural (5-HMF) at a temperature interval of 300 – 400 °C in 
which the decomposition reactions are proposed to be first order reactions. The in-
termediate products are proposed to be further converted to gas products at high-
er temperatures or longer residence times by different authors such as  Goodwin 
and Rorrer [40] and Chuntanapum and Matsumura [44]. The latter research group 
proposed a general reaction mechanism for glucose to gas conversion. The reaction 
pathway is given in Figure 2.9. Similar to these researchers, Kruse and Gawlik [45] 
proposed that decomposition of glucose or fructose to furfurals is preferred under 
ionic conditions (characterized by a temperature lower than 374 °C), whereas a re-
action pathway to acids or aldehydes is preferred at free radical conditions (char-
acterized by temperatures higher than 374 °C). 
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Figure 2.9: Proposed reaction pathway for glucose to gas conversion at tempera-
tures between 300 – 400 °C. From the work of [44]. Reprinted. Please note that 
TOC refers to total organic compounds in liquid phase such as acids. 

Unlike glucose, there are only limited research works on the xylose reactions in 
supercritical water. Aida et al. [46] have examined the xylose decomposition reac-
tions at temperatures between 350 and 400 °C and Goodwin and Rorrer [47] have 
examined its conversion at temperatures in the range of 450 – 650 °C. Similar to 
glucose reactions, xylose undergoes isomerization and decomposition reactions. 
The smaller organic compounds then further decompose to produce gas com-
pounds at temperatures higher than 400 °C. Figure 2.10 shows the reaction mecha-
nism of xylose in supercritical water within a temperature interval of 450 and 650 
°C proposed by Goodwin and Rorrer [47]. 

As a lignin model component, guaiacol conversion in supercritical water has 
been examined by Wahyudiono et al. [48,49] and Dileo et al. [50]. In addition, 
Yong and Matsumura [34,35] have investigated the lignin decomposition pathway 
through guaiacol. The results indicate that guaiacol first decomposes to o-cresol, 
catechol, phenol and other liquid products. These intermediates further decom-
pose to smaller compounds which then subsequently decomposes to form gases. 
Figure 2.11 shows the lignin and guaiacol reaction mechanism at supercritical wa-
ter at temperatures between 390 – 450 °C. The reaction rates are assumed to be first 
order. 
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Figure 2.10: The reaction mechanism of xylose in supercritical water at a tempera-
ture interval of 450 and 650 °C proposed by Goodwin and Rorrer [47]. Reprinted. 
WSHS refers to water soluble humic substances. 

 

 
Figure 2.11: Lignin conversion and guaiacol reaction mechanism at supercritical 
water at temperatures between 390 – 450 °C proposed by Yong and Matsumura 
[35]. Reprinted. Yong and Matsumura [34] further proposed that aromatic hydro-
carbons can be directly formed from lignin within the temperature range of 300 – 
370 °C. 
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Amino acids: Klingler et al. [51] have examined the decomposition of two ami-
no acids in sub- and supercritical water: alanine and glycine. The investigated 
temperature range was between 250 and 450 °C. The results indicate that both of 
the amino acids hydrolyze and release NH3 to form acid intermediates as well 
amine compounds. The acid compounds further decompose to produce smaller in-
termediates and gases. Figure 2.12 shows the reaction mechanism of amino acids 
in supercritical water proposed by the group. However, Dileo et al. [52] also ob-
served solid, black product in addition to liquids and gases at 500 °C. 

 
Figure 2.12: The reaction mechanism of amino acids alanine and glycine in super-
critical water at 250 – 450 °C proposed by Klingler et al. [51]. Reprinted. 

Intermediates: The conversion of intermediates in supercritical water has also 
been investigated by many researchers. Zhang et al. [53] and Shin et al. [54] have 
examined the decomposition of formic acid in supercritical water. The results 
point to a mechanism in which formic acid undergoes dehydration and decarboxy-
lation reactions to form carbon monoxide and carbon dioxide. Aida et al. [55] and 
Mok et  al. [56] have studied the decomposition of lactic acid in supercritical water. 
The results are similar to formic acid reactions: lactic acid also undergoes dehydra-
tion and decarboxylation reactions and forms smaller intermediates such as acet-
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aldehyde and acrylic acid. These intermediates further decompose to form gases. 
Chuntanapum and Matsumura [44,57,58] have investigated the behavior of 5-HMF 
and its importance in char formation mechanism in supercritical water gasification 
reactions. Their results indicate that 5-HMF can undergo polymerization reactions 
and form char only at subcritical conditions. The pathway for 5-HMF is included 
in Figure 2.9.  

Mixtures: In order to understand how real biomass could behave in gasifica-
tion reactions, mixtures of two or more model biomass compounds have been in-
vestigated. Yoshida and Matsumura [59] have investigated the gasification per-
formance of mixtures of cellulose, xylan and lignin at 400 °C. They have proposed 
a correlation to predict the gasification and hydrogen production efficiency based 
on the amount of cellulose, xylan and lignin. The results indicate that the presence 
of lignin decreases the gas production as well as the production of H2 from the in-
termediates of cellulose and xylan. Yoshida et al. [60] have further investigated the 
gasification performance of sawdust and rice straw. They have compared the gasi-
fication efficiency and hydrogen production with their correlation. Gasification 
and hydrogen production yields were lower than those calculated values which 
led the authors to suggest that even in real biomass, interactions between each 
component occurred. Similar results have been observed by other authors: Weiss-
Hortala et al. [61] observed a significant decrease in gas yields even when a small 
portion of phenol (a lignin decomposition compound) was blended with glucose. 
Goodwin and Rorrer [62] could not attain a 100% carbon gasification efficiency for 
xylose and phenol mixtures even at 750 ° C. However, Castello and Fiori [63] re-
ported that at 400 °C, phenol did not appear to behave as an inert compound, but 
contributed to gas production to a limited extent and reacted in liquid phase to 
form other compounds, possibly tar and/or solids.  

Effect of salts and the role as homogeneous catalysts: The effect of inorganic 
constituents in biomass was investigated by gasifying model biomass compounds 
in the presence of salts. Sinag et al. [64] have investigated the influence of K2CO3 
on the gasification of glucose. Similarly, Kruse and Faquir [65] and Kruse et al. [66] 
have tested the influence of other potassium containing alkali compounds such as 
KOH and KHCO3. The authors found that the presence of alkali salts increases the 
total gas yield as well as hydrogen yield and the amount of phenols. Sinag et al. 
[64] proposed a reaction pathway for hydrogen formation in the presence of 
K2CO3 as 

K2CO3 + H2O → KHCO3 + KOH      (2.2) 

KOH + CO → HCOOK       (2.3) 

HCOOK + H2O → KHCO3 + H2      (2.4) 

2KHCO3 → H2O + K2CO3 + CO2       (2.5) 

H2O + CO ↔ HCOOH ↔ H2 + CO2      (2.6) 



SUPERCRITICAL WATER GASIFICATION OF BIOMASS: A LITERATURE AND TECHNOLOGY OVERVIEW 

18 

 

The positive effects of other (earth) alkali salts such as (NaOH, Ca(OH)2, 
Na2CO3, NaHCO3) on the gasification yield have also been reported by other au-
thors [67–71] for different kinds of biomass feedstocks. Yildiz Bircan et al. [72] 
have investigated the addition of Ca(OH)2 on the gasification performance of an 
amino acid, L-cysteine. The results showed that the addition of Ca(OH)2 enhanced 
the H2 formation, but most importantly, it was observed that Ca(OH)2 was con-
sumed throughout the reactions and reacted with CO2 to form CaCO3. 

Effect of heterogeneous catalysts: Catalysts are used in order to achieve higher 
conversion at lower temperatures (< 500°C), especially when the desired product 
is methane [73,74]. The presence of a catalyst changes the reaction pathway of the 
biomass, resulting in the reduction of tar and coke production and an increase in 
the gas yields. Figure 2.13 shows the influence of catalyst on the reaction pathway 
of wood gasification under supercritical conditions. Ruthenium, nickel and acti-
vated carbon based heterogeneous catalysts have been widely used in the litera-
ture [75–79] for both model and real biomass experiments enabling to obtain full 
carbon gasification efficiency even at temperatures around 400 °C. 

Yanik et al. [80] have investigated natural minerals like red mud (a by-product 
from alumina production plant containing Fe2O3 (37.7%), Al2O3 (17.3%), SiO2 
(17.1%), TiO2 (4.8%), Na2O (7.1%) and CaO (4.5%) by wt.) and trona (Na-
HCO3∙Na2CO3∙2H2O). Both of these minerals have been found to significantly in-
crease the H2 yield and slightly promote the total gas yield for different kinds of 
carbohydrate based feedstocks. 

It has been reported that the reactor wall material may also behave like a heter-
ogeneous catalyst. Boukis et al. [81] have studied the methanol reforming in a 
nickel-based alloy Inconel 625. They have concluded that the conversion rate as 
well as the product gas composition are influenced by the presence of heavy met-
als on the inner surface of the reactor and the catalytic effect remained high even 
after more than a thousand operation hours. Similarly, Gadhe and Gupta [82] ob-
served a catalytic effect of the wall material from Inconel 600, which is an alloy of 
Ni, Cr and Fe, for methanol reforming. Lee et al. [37] have performed glucose gasi-
fication in a reactor made of Hastelloy C-276 and noted a catalytic effect and en-
hancement in the hydrogen yields. Similar results were observed by Yu et al. [83]; 
these authors tested Inconel, new Hastelloy and corroded Hastelloy for glucose 
hydrothermal gasification. Their results indicated that corroded Hastelloy signifi-
cantly increased the hydrogen and total gas yields. Castello et al. [84] have investi-
gated the effect of wall material for stainless steel and Inconel 625 for both glucose 
and sawdust gasification in micro-autoclaves without the presence of catalyst at 
temperatures of 350 °C and 400 °C. They have observed that stainless steel favored 
hydrogen production, whereas Inconel 625 enhanced CO consuming methanation 
and light hydrocarbon formation under supercritical conditions. Under subcritical 
conditions, the two reactors gave similar results.  
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Figure 2.13: The influence of catalyst on the reaction pathway of wood gasification 
under supercritical conditions proposed by Waldner and Vogel [78]. Reprinted. 
The term “cat.” designates reaction pathways influenced by the presence of a cata-
lyst, whereas the term “cat.?” denotes pathways that are only assumed to be pro-
moted by a catalyst. 

Behavior of heteroatoms: Yildiz Bircan et al. [72] have investigated the behav-
ior of heteroatoms such as S, N and P in supercritical water gasification using L-
cysteine containing hetero-atoms S and N, and O-phospho-DL-serine containing P 
as feedstocks. They have performed experiments in an oven which was kept at 400 
°C and at 26 – 27 MPa. After a residence time of 50 minutes, the oven was cooled 
to 30 °C and the components were analyzed. The results showed that sulphur par-
titioned to SO2 and H2S in the gas phase, and SO3

2-, SO4
2- and S2- ions in the liquid 

phase. When Ca(OH)2 was used as an additive, the gas phase sulphur compounds 
concentrations decreased by about one tenth and partitioned to the liquid phase 
sulphur. However, for both of the cases more than 90% of the sulphur partitioned 
to the solid phase. For nitrogen compounds, NO and NO2 were detected in trace 
levels and NH3 was not detectable. 95.7% percent of nitrogen was converted to 
NH4

+ in the liquid phase. This ratio decreased to 82% when Ca(OH)2 was used as 
an additive. When it comes to phosphorus compounds, 93.3% of the phosphorus 
partitioned to ionic compounds in the liquid phase. When Ca(OH)2 was used as an 
additive, more than 90% of the phosphorus precipitated as a solid phase. 

Gas phase reactions: In has been reported by many authors (such as [47,85,86]), 
that water gas shift and methanation reactions have been assumed to be the main 
gas phase reactions which may result in equilibrium. Eqs. 2.7 and 2.8 show the wa-
ter gas shift reaction and methanation reactions, respectively. 

CO + H2O ↔ CO2 + H2       (2.7) 

CO + 3H2 ↔ CH4 + H2O       (2.8) 
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In the water gas shift reaction, carbon monoxide and water form formic acid 
which further decomposes to carbon dioxide and hydrogen through the reactions 
2.9 and 2.10 [87,88]. 

CO + H2O ↔ HCOOH      (2.9) 

HCOOH ↔ CO2 + H2      (2.10)  

Savage’s group [85,86] has performed sensitivity analyses on the reaction rates 
for noncatalytic supercritical water gasification of biomass processes. It can be 
concluded from the results that the main reactions which determine the hydrogen 
and methane formation are not the water gas shift and methanation reactions in 
the gas phase, but the reactions which directly result in the gas formation from the 
feedstock and/or intermediates. It has also been reported in the literature [87–90] 
that the rates of noncatalytic water gas shift and methanation reactions in super-
critical water are quite slow, resulting in only 5% conversion even after several 
minutes. 

2.3.2. Real biomass experiments 

Antal et al. [75] state that the first real biomass experiments in supercritical wa-
ter have been performed by Modell et al. [91] in 1985 using maple wood sawdust 
as a feedstock. The results indicated that the sawdust quickly decomposed to tars 
and gases without the formation of char. Since the first experiments in 1985, real 
biomass has also been the subject of supercritical water gasification. 

Carbohydrates: In their work, Antal et al. [75] have examined gasification per-
formance of different biomass feedstocks such as corn- and potato-starch gels, 
wood sawdust suspended in a cornstarch gel, and potato wastes in 3 different 
tubular reactor which had activated carbon as a catalyst. They have performed ex-
periments at temperatures higher than 650 °C and at a pressure of 28 MPa. Their 
results were in a good agreement with the equilibrium calculations resulting in an 
extraordinary gas yield higher than 2 L/g (liters of gas under 25 °C and 0.1 MPa 
per gram of organic matter in the feed) with a high yield of hydrogen (57%). Irre-
spective of the reactor geometry and method of heating, they have observed plug-
ging problems after 1 – 2 h of operation time with feedstocks that contained ap-
proximately 15 wt. % of organic material.   

D’Jesús et al. [92] have gasified corn starch, clover grass and corn silage in su-
percritical water. They have investigated the influence of pressure, temperature, 
residence time and alkali addition on gasification performance. They have report-
ed that the change in the pressure did not alter the gasification yield, however, the 
increase in the temperature significantly increased the gasification yield. Longer 
residence time resulted in higher gasification yields till the system attained a max-
imum. Potassium addition (in the form of KHCO3) was found to increase the car-
bon gasification efficiency for corn starch, however, no significant difference was 
observed for clover grass and corn silage as they naturally contained potassium.  
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Algae: Stucki et al. [93] have gasified a microalgae species, Spirulina platensis, in 
the presence of different catalysts. 100% of the carbon content of the microalgae 
was gasified using a Ru/C catalysts at a temperature of around 400 °C and at a 
pressure around 32 MPa. Their results were in a very good agreement with the 
equilibrium predictions. They proposed that 60 – 70% of the heating value of the 
algae can be recovered in the form of methane. 

Chakinala et al. [94] have gasified Chlorella Vulgaris in supercritical water. They 
have observed more than 80% carbon gasification efficiency at 700 °C with a 7.3 
wt.% dry mass concentration at a pressure of 24 MPa with a residence time of 2 
minutes. As expected, gasification efficiency decreased with a decrease in tempera-
ture and residence time. The increase in the dry mass concentration had a negative 
impact on the carbon gasification efficiency. They have also tested the effect of dif-
ferent catalysts on the carbon gasification efficiency. The results indicated that the 
presence of a catalyst increased the carbon gasification efficiency, reaching even a 
100% with a Ru/TiO2 catalyst at 600 °C with a residence time of 2 minutes. 

Guan et al. [95] have gasified another microalgae sample, Nannochloropsis sp. in 
supercritical water at 450 – 550 °C at around 25 MPa. They have concluded that 
higher gas yields were obtained by higher temperatures, longer reaction times (> 
20 minutes), higher water densities, and lower algae loadings. Their findings also 
show that when the biomass loading reduced from 15 wt.% to 1 wt.%, H2 yield 
more than tripled.  

Onwudili et al. [71] have gasified three different types of microalgae samples 
(Chlorella vulgaris, Spirulina platensis and Saccharina latissima) at 500 °C and 36 MPa 
in an Inconel batch reactor for 30 minutes. They have also tested the influence of 
NaOH and/or Ni-Al2O3 on the gasification performance. Their results indicated 
that the presence of NaOH more than doubled the hydrogen yield and decreased 
the tar yield up to 71%. Presence of the nickel catalyst had also decreased the tar 
formation. A similar study has been performed by Bagnoud-Velásquez et al. [96] 
on the effluent recycling and the catalytic gasification of a microalgae sample, 
Phaeodactylum tricornutum. In a continuous reactor,  for a 6.5 wt.% algae concentra-
tion, they were able to obtain 31% carbon gasification efficiency at 420 °C and 32.3 
MPa in the presence of a Ru/C catalysts. They have observed rapid deactivation of 
the catalyst due to sulphur poisoning and coke formation. 

Sludge: Xu and Antal [97] have gasified digested sewage sludge, corn starch 
and poplar wood sawdust in the presence of coconut shell activated carbon cata-
lyst. They have mixed sewage sludge (up to 7.69 wt. %) with corn starch gel (up to 
7.69 wt. %) in order to form a viscous gel. They have performed experiments at 650 
°C and at 28 MPa. Even with a lower sewage sludge loading (2.1 dry wt.% digest-
ed sewage sludge with dry 5.1 wt.% corn starch), the reactor had plugging prob-
lems after 1 – 2 h of operation time due to high ash content of sewage sludge.  

Chen et al. [98] have used a fluidized bed to overcome reactor plugging prob-
lems in sewage sludge gasification. They have also tested the effect of operating 
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parameters as temperature, concentration of the feedstock, alkali catalysts and cat-
alyst loading on gaseous products and carbon distribution. The authors have per-
formed experiments at a pressure of 25 MPa and at a temperature range of 480 – 
540 °C with a biomass concentration varying from 4 – 12 wt.%.  As expected, the 
increase in temperature and decrease in feed concentration increased the carbon 
gasification efficiency. Addition of alkali catalyst was found to enhance the hydro-
gen production.   

Zhai et al. [99] have gasified digested sewage sludge in a batch reactor at tem-
peratures up to 425 °C at a pressure varying from 25 to 35 MPa, with a residence 
time from 10 to 15 minutes and a dry matter content ranging from 5 to 25 wt.%. In 
the best case, they were able to obtain 3.5% carbon gasification efficiency where 
the presence of K2CO3 increased this value up to 26 %. 

Manure: Waldner [13] has gasified real biomass samples such as wood and 
swine manure in a batch reactor in the presence of different catalysts. Using a 
Raney Ni 2800 catalyst, 100% carbon gasification efficiency was obtained at a tem-
perature around 400 °C and at a pressure of 31 MPa for wood. The gas composi-
tion was in agreement with the equilibrium predictions. Similar conditions result-
ed in more than 75% carbon gasification efficiency for swine manure.  

Nakamura et al. [77] have investigated the gasification of chicken manure in 
the presence of suspended fine activated carbon catalysts in an experimental pilot 
plant. At 600 °C and 25 MPa with a residence time of 1.7 minutes, they were able 
to completely gasify 2 wt.% and 10 wt.% chicken manure in the presence of 0.4 
wt.% and 5 wt.% activated carbon, respectively. However, when there was no 
catalyst present, 80% carbon gasification efficiency was observed with a 2 wt.% 
feed concentration. Their setup included a liquefaction process with a residence 
time of 26.7 minutes of which the temperature was 180 °C and pressure was 1.2 
MPa. 

Yong and Matsumura [100] have investigated the gasification behavior of poul-
try manure and eucalyptus wood in a flow reactor and the effect of activated car-
bon on the gasification performance. Their results indicate that addition of 0.1 
wt.% wood to 0.5 wt.% manure increased the carbon gasification efficiency (CGE) 
at temperatures between 550 and 650 °C and at a pressure of 25 MPa. However, 
the effect of wood decreased at 0.2 wt.% and became almost insignificant at 0.3 
wt.%. They stated that cellulose and hemicellulose containing wood biomass, are 
more easily decomposed in SCW than poultry manure. The increase in the loading 
of wood in the mixture resulted in the deceleration of the gas producing pathways 
in the overall reactions. It was also found that the usage of activated carbon in the 
feedstock mixture improved the gasification efficiency. An overview of the real bi-
omass experiments is presented in Table 2.1. 
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Table 2.1: An overview of the real biomass experiments. 

Feedstock Wt. % Tempera-
ture (°C) 

Pressure 
(MPa) 

Reactor Type Residence 

Time 

CGE 
(%) 

Mole Fraction of Gas Products 

(%) 

Refer-
ence 

      
 CH4 CO2 H2 CO 

 

Corn Starch 10.4 ~ 700 28 Tubular with a 
carbon catalyst 

2.18 h 91 22 38 37 2 [75] 

Microalgae 
(Chlorella Vul-
garis) 

7.3 600 24 Quartz Capil-
lary 

2 min 53 25 26 7 22 [94] 

Sewage 
Sludge 

10 540 25 Fluidized Bed N/A 32 13 43 26 13.5 [98] 

Swine Manure 13.2 405 30.1 Batch reactor 
with nickel cat-
alyst 

36 min 75.8 46 43 10.7 0.1 [13] 

Chicken Ma-
nure 

10 600 25 Flow reactor 
with carbon 
catalyst 

1.7 min 90 21.2 45.4 28.7 0 [77] 
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2.4. SUPERCRITICAL WATER GASIFICATION OF BIOMASS: MODELING AP-

PROACHES 

Modeling enables to simulate real cases in order to predict products and 
equipment performances and overcome possible challenges for different process 
conditions. 

2.4.1. Kinetic modeling 

Studies aimed at elucidating the reaction kinetics under hydrothermal gasifica-
tion conditions have started with simple sugar compounds and have been extend-
ed later to real biomass feedstocks. Matsumura’s group [43,44,57,58] and Kabye-
mela et al. [42] have studied the glucose, fructose and glucose derived intermedia-
te decompositions in sub- and supercritical water. Aida et al. [46] and Goodwin 
and Rorrer [47] have investigated the reactions of D-xylose in sub- and supercriti-
cal water. Wahyudiono et al. [49] have studied the thermal decomposition kinetics 
of guaiacol as a lignin derived material. Sasaki et al. [31,101] have further studied 
the kinetics of cellulose and cellobiose conversion in sub- and supercritical water. 
Regarding modelling, Resende and Savage [86] have developed a kinetic model 
for noncatalytic supercritical water gasification of cellulose and lignin at high tem-
peratures, and Guan et al. [85] proposed a reaction mechanism for the supercritical 
water gasification of a real biomass feedstock; microalgae. However, these kinetic 
models and parameters have limited applicability as  

 in most of these works, all of the reactions are assumed to be first order 
reactions; 

 the temperature effect on the rate constants has not been sufficiently inves-
tigated;  

 most of these works only incorporate the decomposition rates and the 
formation of intermediates, but do not show the whole gasification routes; 

 the models which include entire gasification routes incorporate the 
lumped kinetic model, which neglects the composition of intermediates. 

Another interesting approach to kinetic modeling is the detailed kinetic model-
ing. Here, the whole reaction mechanisms consist of hundreds of elementary reac-
tions. Most of these attempts have been made for SCWO of simple compounds 
such as methanol, carbon monoxide, methane and hydrogen [18,102–106]. Detailed 
kinetic modeling has also been applied for supercritical water gasification systems. 
Ederer et al. [107] have investigated the pyrolysis of tert-butylbenzene in super-
critical water, Bühler et al. [108] have investigated the glycerol decomposition in 
supercritical water and Castello and Fiori [109] have used the detailed kinetic 
models for the supercritical water oxidation of methanol to model the gasification 
of methanol in supercritical water. Even though the results are promising, the ap-
plication of detailed kinetic modeling for real biomass is not viable yet due to the 
complex nature of real biomass feedstocks. Table 2.2 shows an overview of the ki-
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netic parameters for the selected conversion pathways of biomass constituent 
compounds during supercritical water gasification. 

2.4.2. Computational fluid dynamics modeling 

Computational fluid dynamics (CFD) modeling helps to simulate and design a 
reactor [110]. Yoshida and Matsumura [110] were the first researchers who per-
formed CFD analysis for a SCWG reactor. The authors have used Fluent 6.3® soft-
ware to perform simulations for 4.9 wt.% glucose conversion in the presence of 
hydrogen peroxide as oxidation agent in supercritical water at 400 °C and 25.4 
MPa. However, the authors ignored all the reactions and calculated only the flow 
of water and inert particles as virtual char products. 

Goodwin and Rorrer [111] have performed CFD simulations for xylose gasifica-
tion in a Hastelloy micro-channel reactor at 650 °C and 25 MPa. The authors have 
used Fluent 6.3.26® for the simulations and the fluid was modeled by the Navier-
Stokes equations for laminar flow. They have performed simulations using a 6 re-
action based kinetic model which was developed in a previous paper [47] by them. 
The authors have used Peng-Robinson EoS for the pure gas species for the calcula-
tion of the fugacities, however the mixing interactions in the reacting fluid have 
not been taken into account. The authors found that CFD simulations accurately 
predicted the gas yields. Besides, it was found that the endothermic xylose gasifi-
cation reactions had a little influence on the reaction temperature thus not affect-
ing the gas yield or H2 selectivity.  

Wei et al. [112] have performed CFD simulations with a Eulerian model which 
incorporates the mechanical kinetic theory for solid particles to predict the solid 
distribution and the residence time distribution of the feeding materials for a fluid-
ized bed reactor. Based on the simulation results, they have proposed a feeding 
pipe with an angle of 45° to enable a uniform solid distribution and long residence 
time among the reactor. 

A different approach using CFD has been performed by Withag et al. [113,114]. 
Here the authors performed CFD simulations to calculate heat transfer characteris-
tics of supercritical water to a flow reactor for both 1D and 2D cases. Further, 
Withag [115] also performed simulations for a reacting flow of methanol in super-
critical water for a 2D case. Based on the simulations, it was concluded that meth-
anol is mainly converted near the wall due to the high fluid temperatures resulting 
in high local reaction rates. 
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Table 2.2: An overview of the kinetic parameters determined for selected conversion pathways of biomass constituent com-
pounds during supercritical water gasification. Please note that TOC refers to water-soluble organic species such as 1,2,4-
benzenetriol, 1,4-benzenediol, 5-methyl-2-furaldehyde, levulinic acid, and formic acid. 

Compound Type of Reac-

tion 

Activation Energy 

(kJ·mol-1) 

Pre-exp. Factor (s-1)  Temperature 

Range (°C) 

Pressure (Mpa) Reference 

Cellulose Conversion 145.9  1x1011.9  320-370 25 [31] 

Cellulose Conversion 547.9  1x1044.6 370-400 25 [31] 

Cellobiose Conversion 96.4 1.28x108 300-350 25 [116] 

Cellobiose Conversion 96.4 1.48x108 350-400 30 [116] 

Cellobiose Hydrolysis 108.6 1.10x109 300-350 25 [116] 

Cellobiose Hydrolysis 108.6 1.15x109 350-400 30 [116] 

Cellobiose Pyrolysis to 
glucosyl-
eryhtrose and 
glycoaldehyde 

30.4 17.68 300-350 25 [116] 

Cellobiose Pyrolysis to 
glucosyl-
eryhtrose and 
glycoaldehyde 

30.4 57.13 350-400 30 [116] 

Cellobiose Pyrolysis to 
glucosyl- gly-
coaldehyde 
and eryhtrose 

69.3 82730.74 300-350 25 [116] 

Glucose Decomposition 121 1.33x1010 175-400 25 [43] 
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Table 2.2 (contuniued) 

Compound Type of Reac-

tion 

Activation Energy 

(kJ·mol-1) 

Pre-exp. Factor (s-1)  Temperature 

Range (°C) 

Pressure (Mpa) Reference 

Glucose Decomposition 96 1.23x108 300-350 25 [117] 

Glucose Isomerization 
to fructose 

112.75 2.99x109 300-400 25-30 [42] 

Fructose Decomposition 
to acids 

130.94 7.48x1010 300-400 25-30 [42] 

Glucose Conversion to 
5-HMF 

114.40 1.49x108 300-400 25 [44] 

Glucose Conversion to 
non-furfural 
organics 

137.40 2.05x1011 300-400 25 [44] 

TOC Conversion to 
gas products 

27.92 0.78 300-400 25 [44] 

TOC Conversion to 
char 

17.29 0.04 300-400 25 [44] 

Xylose Conversion to 
furfural 

120.1 1.20x1012 450-650 25 [47] 

Furfural Conversion to 
WSHS 

55.6 5.70x103 450-650 25 [47] 

WSHS Conversion to 
gas 

138.9 1.60x108 450-650 25 [47] 

Guaiacol Conversion 40.0 1.87x103 380-400 30 [48] 
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2.4.3. Thermodynamic equilibrium modeling 

In addition to the kinetic models, supercritical water gasification of biomass 
compounds has also been modelled following a thermodynamic equilibrium mod-
elling approach. Antal et al. [75] were the first researchers who used the thermo-
dynamic equilibrium approach. They have compared the experimental results 
with the thermodynamic equilibrium predictions using STANJAN and HYSIM of 
which the first one uses ideal gas assumption as an equation of state (EoS) and the 
latter one Peng – Robinson EoS. Tang and Kitagawa [118] have performed ther-
modynamic analysis for various model and real biomass compounds using Peng – 
Robinson EoS describing the non-ideal properties of the compounds. The authors 
used a Gibbs free energy minimization method (also known as the non-
stoichiometric method) in order to predict the equilibrium amounts of gases. More 
authors followed the same approach [119–124]. All of these works have been de-
veloped for the supercritical region and take only the gas phase compounds into 
account. Castello and Fiori [125] have extended the gas phase products and intro-
duced graphitic carbon as an additional compound, and investigated the applica-
tion of thermodynamic constraints such as solid carbon formation and process 
heat duty.  

An alternative to Gibbs free energy minimization was given in the works of 
Letellier et al. [126] and Marias et al. [127]. Here the authors used the discrete reac-
tion equilibria method (also known as stoichiometric approach) to predict the 
equilibrium composition of the gas phase compounds. Furthermore, they have al-
so modeled the flash column for the separation of product gases from water and 
other organic compounds.  

The aforementioned developed models do not cover the subcritical region of 
the process and the behavior of inorganics, and the partitioning behavior of ele-
ments. However, Yanagida et al. [79] have investigated the equilibrium behavior 
of inorganic elements in poultry manure during supercritical water gasification us-
ing a software; HSC Chemistry 6.12. Seven inorganic elements, namely N, Ca, K, P, 
S, Cl and Si, as well as C, H, O content of manure and possible compounds that 
could be formed by these elements have been taken into account for the thermo-
dynamic equilibrium calculations. The simulation was run first at 32 MPa and 600 
°C and after subtracting the amount of gases formed, the simulation then was run 
at room temperature conditions to observe the phase and compound behavior of 
the elements. The results have been compared with experimental works and found 
to be in agreement. Table 2.3 shows an overview of the thermodynamic equilibri-
um modeling papers. There are other research works in the literature which use 
commercial software packages for the prediction of product compounds following 
a thermodynamic equilibrium calculation approach. However, most of these 
works concentrate on process modeling which is discussed in details in the follow-
ing section. 
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Table 2.3: An overview of the thermodynamic equilibrium modeling of supercriti-
cal water gasification of biomass papers. 

Investigated 

Compounds 

Type of ap-

proach 

Type of EoS or 

Software used 

for the calcula-

tions 

Considered 

Phases 

Significant Contribu-

tion 

Refer-

ence 

Methanol, 

Glucose, 

Cellulose, 

Starch, Saw-

dust 

Gibbs free 

energy min-

imization 

(GFEM) 

Peng-Robinson 

EoS 

Only Gas 

Phase 

The first paper with a 

thermodynamic model 

[118] 

Glucose GFEM Duan EoS Only Gas 

Phase 

The introduction of 

additional constraints 

[124] 

Wood saw-

dust 

GFEM Duan EoS Gas Phase and 

Solid Carbon 

The introduction of sol-

id carbon 

[122] 

Poultry Ma-

nure 

GFEM HSC Chemistry 

6.12 

Multi-Phase The first paper which 

took the inorganic ele-

ments into account 

[79] 

Methanol, 

Ethanol, 

Glycerol, 

Glucose and 

Cellulose 

GFEM Ideal Gas  Gas Phase and 

Solid Carbon 

No need for initial 

guesses for the mole 

amount of product 

species 

[123] 

Methanol, 

Glucose, 

Sewage 

Sludge 

Reaction 

equilibria 

Peng-Robinson 

EoS 

Gas Phase and 

Solid Carbon 

The first paper which 

used the reaction equi-

libria method 

[126] 

Glycerol and 

Microalgae 

GFEM Peng-Robinson 

EoS 

Gas Phase and 

Solid Carbon 

Char formation condi-

tions have been exam-

ined 

[125] 

Glucose and 

Cellulose 

GFEM Virial EoS and 

Ideal Gas 

Only Gas 

Phase 

Introduction of the en-

tropy maximization 

[120] 

It is a fact that an arbitrary multi-component multi-phase system at a given 
temperature, pressure and chemical composition will always tend to minimize its 
total Gibbs free energy till it reaches the global minimum state. However, the pre-
dicted compounds at that minimum state are the “unconstrained” equilibrium 
state compounds. Most of the real conversion systems do not reach that state due 
to the natural constraints (such as slow kinetics or reaction barrier conditions) that 
could keep the system away from it [128]. In that sense, for most of the cases, pre-
dictions using a thermodynamic equilibrium approach will not show the real case 
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results but will give an insight in the process limits as well as the formation behav-
ior of the compounds. 

2.4.4. Process modeling 

Even though thermodynamic equilibrium models predict the (major) product 
compounds formed in reactors, one needs to model the performance of the other 
equipment in such a biomass based supercritical water gasification processing 
plant in order to gain insight into the whole process performance. Feng et al. [129] 
were the first researchers who have performed a thermodynamic analysis of a su-
percritical water biomass gasification plant. They have analyzed the phase behav-
ior and phase equilibria in the reactor and separators; in addition, they designed 
an optimized heat exchange network and performed a system exergy analysis. The 
authors have used the statistical association fluids theory (SAFT) EoS for the ther-
modynamic calculations. Their results indicated that a cellulose gasification plant 
with reactor operating conditions of 600 °C and 35 MPa has an exergy efficiency of 
40.6%. The exergy efficiency in this work is defined as the ratio of the exergy flows 
of the inlet (cellulose as being the feedstock, providing heat and electricity for the 
process) and outlet (hydrogen-rich) products.  

Luterbacher et al. [130] have performed process simulations and life cycle as-
sessment (LCA) for wood and manure as a feedstock in supercritical water gasifi-
cation plant targeting to produce SNG. Using AspenPlusTM 2004.1 software for the 
process simulations, their results showed that 62% of the manure’s lower heating 
value (LHV) is converted to SNG and 71% of wood’s LHV is converted to SNG. 
Similarly, Gassner et al. [28,131] offered optimal process design for polygeneration 
of SNG, power and heat from various biomass sources varying from a typical lig-
nocellulosic material (modeled as CH1.35O0.63) to manure and sewage sludge. The 
authors have made an extensive analysis from both thermo-economic and optimi-
zation points of view concerning the processes. The results indicate that the SNG 
conversion efficiency of wood process was found to reach up to 70%. The same 
value was found to reach up to 75% for microalgae, 70% for manure and 60% for 
undigested sewage sludge where the SNG conversion efficiency is given in Equa-
tion 2.11 as 

0

0

,

SNG SNG

biomass biomass daf

h m

h m










       (2.11) 

where 0h refers to the LHV, m refers to the mass flow and daf refers to the dry 

ash free basis. The superscripts – and + refers to the flows leaving the system and 
flows entering the system, respectively.   

 Gutiérrez Ortiz et al. [132] have performed process simulations using As-
penPlusTM for gasification of glycerol in supercritical water. They have investigat-
ed the effect of process conditions on the hydrogen yield. Using predictive Soave-
Redlich-Kwong EoS for Gibbs free energy minimization in the reactor to predict 
the equilibrium composition, the authors concluded that the highest yield for hy-
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drogen could be obtained at 900 °C with 1 mol % glycerol in the feed. The authors 
reported that the pressure did not have an influence on the results. 

A similar research has been conducted by Fiori et al. [133]. The authors per-
formed process simulations using AspenPlusTM aiming at hydrogen production 
and energetic self-sustainability of different biomass feedstocks of glycerol, phe-
nol, microalgae Spirulina, sewage sludge and grape marc. Their results indicated 
that biomass feed share should be at a minimum of 15–25 wt. % in order to estab-
lish an energetic self-sustainable process (11.4 wt.% for phenol and 22.9 wt.% for 
Spirulina for a reactor operating at 700 °C and 30 MPa). The results also indicate 
that the thermal energy required for the microalgae process is around 0.6 MJ·(kg-
total-feed)-1 for a reactor operating at 500 °C and 30 MPa when the dry biomass 
concentration in the feed is 10 wt.%. This value is around 1.5 MJ· (kg-total-feed)-1 

for a reactor operating at 700 °C with the same process conditions. 

Another process simulation concerning a system model based on methanol gas-
ification has been performed by Withag et al. [134]. Here the authors also used As-
penPlusTM and tested the validity of different EoS concluding that the property 
methods based on the Peng–Robinson and Soave Redlich–Kwong EoS all give a 
prediction of the H2 mole fraction within a bandwidth of 3.5% compared to exper-
imental results. They have also performed simulations for different cases to predict 
the thermal efficiencies for methanol, glucose and cellulose conversion. Similar to 
the findings of Fiori et al. [133], the authors concluded that the dry mass concentra-
tion of the feed should be at least 14.5 wt.% for methanol and ~25 wt.% for cellu-
lose and glucose to have a thermal efficiency of 60% for a reactor operating at 600 
°C and 30 MPa. 

2.5. PROCESS CHALLENGES AND REACTOR TECHNOLOGY ASPECTS FOR INDUS-

TRIAL APPLICATIONS 

Most of the experiments have been conducted in batch reactors which are not 
suitable for industrial applications. In contrast, industry rather demands continu-
ous processes. However, continuous experimental approaches have some chal-
lenges which need to be overcome in order to scale up the process and be applica-
ble in industry.  

Pumpability of the biomass slurry is a problem in continuous processes. The 
dry matter content of the biomass slurry should not exceed the pumpability limits 
due to possible clogging problems. On the other hand, a high dry matter content 
results in higher gas production which increases the energy efficiency and the 
profitability of the plant. Yet, the pumpability of the biomass slurry depends on 
the nature of the biomass [135]. Antal et al. [75] have used a cement pump to be 
able to pump a suspension of 4 wt.% starch gel mixed with wood sawdust and 
other particulate biomass. On the other hand, sewage sludge containing 40% dry 
matter can be successfully pumped [136]. A pretreatment of reducing the particle 
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size of the biomass [135] and obtaining a suspended feed [75] can be used to over-
come the possible pumpability problems.  

Corrosion is another problem for industrial scale applications. The process 
takes place at harsh conditions which lead to corrosion of the reactor construction 
material. In addition, gases and minerals which are formed during the gasification 
lead to corrosion as well [135]. Marrone and Hong [137] propose some corrosion 
control approaches which are i) vortex/circulating flow reactor to prevent corro-
sive species from reaching a solid surface, ii) use of high corrosion resistant mate-
rials such as nickel based alloys or stainless steel or iii) reducing the temperature to 
400 °C instead of 600 °C to improve the energy balance which would enable using 
other types of corrosion control methods such as using liners or coatings that de-
crease the heat transfer. 

Working at low temperatures might have a positive effect on solving corrosion 
and energy efficiency problems, however, carbon gasification efficiency decreases 
due to the slower reaction rates. One way to overcome such problems is to use cat-
alysts to enhance the reaction rates. Waldner and Vogel [78] have already obtained 
a full carbon gasification for wood samples and sufficiently high carbon efficiency 
(> 80%) for swine manure experiments at low temperatures (~400 °C) using cata-
lysts. Similar results have been observed by other researchers [93] as well. Howev-
er, – in addition to increasing the process costs – catalysts are often reported to 
prone to deactivation problems [73,138–140] caused by i) the poisoning of the ac-
tive surface of the catalyst by sulfur, ii) fouling of the catalyst surface by precipi-
tated salts and other minerals and iii) coke formation and deposition on the cata-
lyst surface [141]. Coke formation may also cause plugging problems in flow reac-
tors [142]. 

Zöhrer et al. [143] state that mixing the unheated, relatively concentrated or-
ganic solution with the preheated water avoids unwanted reactions and coke for-
mation caused by the slow heating of the organic feed. However, this option could 
be feasible only for model biomass compounds as the concentrated biomass slurry 
would not be suitable for pumping as discussed earlier. For real biomass process-
es, rapid heating of the feed can overcome such coke and tar formation behavior as 
the positive effect of rapid heating on less tar production and higher gas yields are 
reported by other researchers [144,145] as well. Another possible solution to coke 
and tar formation was given by Kruse and Faquir [65]. The authors proposed a re-
action process in which a continuously stirred tank reactor (CSTR) is followed by a 
tubular reactor in order to benefit from the “active hydrogen” formation in the 
CSTR due to its backmixing. “Active hydrogen”, which is referred as the in statu 
nascendi hydrogen formed through the intermediate stages of the water gas shift 
reaction or by hydrogen, is reported to suppress tar and coke formation reactions. 
Furthermore, the gas yields increases when the CSTR is combined with a tubular 
reactor.  
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Obtaining sufficient process thermal efficiency is another challenge for super-
critical water gasification of biomass systems. Thermal efficiency should be high 
enough to make the process viable for industrial applications. The efficiency be-
comes more important when the desired reactor temperature increases [135]. Pro-
posed process demonstration units [73] as well as the VERENA pilot plant in 
Karlsruhe Institute of Technology [146,147] benefit from the high temperature of 
the product stream leaving from the reactor in order to preheat the feed using a 
heat exchanger. However, as reported earlier, if the heating rate of the heat ex-
changer is low, coke and tar formation will take place. To overcome such prob-
lems, VERENA pilot plant mixes the concentrated biomass, which was heated up 
to the critical temperature, with high temperature pure water [146]. The process 
flow diagram of VERENA pilot plant is given in Figure 2.14. Another approach 
was given by researchers in State Key Laboratory of Multiphase Flow in Power 
Engineering (SKLMF) of China [148–151]. Here, the researchers proposed solar en-
ergy based heating for the reactor and successfully applied this energy source for 
supercritical water gasification of biomass compounds. The Dutch company Gen-
sos B.V. has patented a process that incorporates extensive heat recovery which 
enables a high process thermal efficiency [152].  

The most important challenge in supercritical water gasification of biomass 
processes remains the salt precipitation due to the rapid decrease in the solubility 
of salts in the supercritical region (see Figure 2.4). The precipitated salts may lead 
to plugging problems if the tube diameters are small, crystals are large or sticky, 
heterogeneous catalysts are used, and the velocity of the flow is low [135]. The ear-
liest possible solutions to salt precipitation problem have been offered in the 1980s 
[153] and 1990s [154,155] as the salt precipitation was also a major problem for su-
percritical water oxidation processes. Hong et al. [153] have patented a reverse 
flow reactor (known as MODAR reactor) in which the feedstock is fed from the top 
of the reactor and the cold water from the bottom. The upper part of the reactor is 
kept at supercritical temperatures, whereas the bottom part is kept at subcritical 
temperatures. Supercritical fluid leaves the reactor from the top and a brine efflu-
ent leaves from the bottom. Daman [154,155] has patented a transpiring wall reac-
tor in which solute-free water flows through a porous reactor liner in order to keep 
salt deposition as well as corrosion problems away from the reactor wall [156]. Xu 
et al. [157] have combined these two approaches for a sewage sludge supercritical 
water oxidation process which is expected to prevent reactor plugging and corro-
sion problem. However, Marrone and Hong [137] stated that the transpiring wall 
reactor has limited usefulness for gasification systems due to adverse effect of dilu-
tion on the system’s energy balance. On the other hand, Schubert et al. [158] have 
used a salt separation vessel which the design is similar to MODAR’s reverse flow 
reactor. The feed inlet and effluent to the reactor are from the top, whereas the 
brine effluent is from bottom. The top of the reactor is at supercritical and the bot-
tom part is at subcritical temperatures. In contrast to MODAR reactor which acts 
as both salt separator and reactor, salt separation vessel proposed by Schubert et 



SUPERCRITICAL WATER GASIFICATION OF BIOMASS: A LITERATURE AND TECHNOLOGY OVERVIEW 

34 

 

al. [158] is a kind of pretreatment unit before the reactor. Zöhrer et al. [140] have 
used this salt separator to perform catalytic gasification and liquefaction of fer-
mentation residue samples. They have observed almost no salt separation at 430 
°C. At 450 °C, the salt separation efficiency was higher. However, at 470 °C mas-
sive tar formation which led to blockage in the rig was observed. Similar to MO-
DAR reactor, Boukis et al. [146,147] have used a reactor in the VERENA pilot plant 
which acts as both reactor and salt separator. The lower part of the reactor has a 
cooler [159] that enables the brines and solids leaving the reactor via a third output 
from the lower part of the reactor. 

 

 
Figure 2.14: The process flow diagram of VERENA pilot plant. Reprinted from 
[135]. 

Another possible solution for plugging problems in the reactor was proposed 
by Matsumura and Minowa [5]. The authors speculated on the potential benefits 
of applying a fluidized bed reactor to the supercritical water gasification process. 
They investigated the fundamental design parameters of such a fluidized bed. 
Potic et al. [160] have performed fluidization experiments for supercritical water in 
micro cylindrical quartz reactor with an internal diameter of 1 mm. Lu et al. [161] 
were the first researchers who performed supercritical water gasification experi-
ments in a fluidized bed reactor at SKLMF. The reactor material was constructed 
from 316 stainless steel. The bed diameter was 30 mm, freeboard diameter was 40 
mm, and the total length was 915mm. The authors stated that no reactor plugging 
was observed. Other researchers in SKLMF [98,162] continued to perform gasifica-
tion experiments in the same fluidized bed reactor. Real biomass experiments (2 
wt.% sewage sludge + 2 wt.% sodium carboxymethyl cellulose) resulted in more 
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than 40% carbon gasification efficiency at a temperature of 540 °C and at a pres-
sure of 25 MPa. Gensos B.V. has patented a process and apparatus that incorpo-
rates a fluidized bed reactor [163,164]. 

2.6. CONCLUSIONS 

Supercritical water gasification is a promising technology for the efficient con-
version of wet biomass into a product gas that after upgrading can be used as sub-
stitute natural gas or hydrogen rich gas. The gasification behavior and the chemis-
try of the decomposition reactions of the model biomass compounds have been 
well examined throughout the decades; this chapter made a survey of mechanisms 
proposed and associated reaction kinetics. Thermodynamic modeling has been 
performed by several groups with quite some success and an overview of these at-
tempts was given in this chapter. Attempts have also been made for real biomass 
feedstocks varying from manure to sewage sludge. The results show the great po-
tential of using supercritical water for gasification purposes. However, the process 
still faces some challenges which need to be overcome in order to enter the market. 
The main challenges seem to be thermal efficiency, plugging and corrosion prob-
lems. Fortunately, new reactor technologies and process concepts are being devel-
oped for the aforementioned problems. 
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3. PREDICTION OF PRODUCT COMPOUNDS WITH 

A THERMODYNAMIC EQUILIBRIUM APPROACH 

 

This chapter deals with one of the most fundamental questions in SCWG systems: pre-
diction of the product compounds. Even though there are various research studies in the 
literature on the prediction of the gas phase compunds using a thermodynamic equilibrium 
approach, practically no work had been done to predict the fate of the inorganic content of 
the biomass during the SCWG process. Two cases are investigated in this chapter: in the 
first part, commercial software packages (FactSage 5.4.1 and SimuSage 1.12) have been 
used to predict the behaviour of the product compounds over a wide range of process condi-
tions. In the second part, a multi-phase thermodynamic equilibrium model is developed and 
validated to predict the product compounds’ behaviour during the SCWG of biomass.  
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3.1 PREDICTIONS USING COMMERCIAL SOFTWARE PACKAGES 

3.1.1. Introduction 

Although supercritical water gasification can be an efficient way for the con-
version of wet biomass, the precipitation of the mineral content of the real biomass 
might cause operational problems such as reactor plugging during the process. For 
a good design and the optimization of a reactor, development of knowledge con-
cerning the behavior of compounds during the process is essential. This sub-
chapter study aims to investigate for the equilibrium partitioning of elements on 
the basis of compounds and phases in the supercritical water gasification of mixed 
pig-cow manure for a relatively wide temperature interval of 100 – 580 °C and at a 
pressure of 24 MPa. The effects of pressure and water fraction on main product 
gases in the presence of inorganic compounds have also been investigated. 

3.1.2. Thermodynamic model 

3.1.2.1 Background for the calculations 

For the equilibrium calculations, mixed pig-cow manure has been used as the 
input. The weight percentages have been chosen as 50% for each. The elemental 
composition of the mixed manure has been obtained from the Phyllis database 
which the results are the mean values of fresh, aged, dried and composted manure 
samples [165]. 9 inorganic elements, namely N, S, Cl, Ca, K, Mg, Na, P and Si, as 
well as C, H, O have been taken into account for the calculations. Table 3.1 shows 
the elemental compositions acquired from Phyllis database and the final mole 
amounts that have been used as the input for the calculations. Although the mean 
value for the weight fraction of water is 51.60%, throughout the simulations this 
value has been taken as 80% as the SCW gasification of biomass systems work 
with higher water fractions [73]. The elemental composition of manure has been 
calculated based on dry basis, and the difference between the ash fraction and in-
organic elements have been assumed to be inorganic oxygen [13] and added to to-
tal oxygen content for the calculations. Simulations have been run for a 125 kg of 
input of which the 20% was dry manure and the rest was water. 

3.1.2.2 The software and the equilibrium calculations 

The equilibrium state of a closed system can be defined as the state in which 
the total Gibbs free energy is at a minimum with respect to all possible changes at 
constant temperature and pressure [166].  

The definition is given by Equation 3.1. 

,( ) 0t

T PdG          (3.1) 
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Table 3.1: Elemental compositions of the mixed pig-cow manure obtained from 
Phyllis database [165] and the mole input for the calculations. 

Component  Analysis Basis 
Mean 
Value Mole input 

H2O % (wet) 51.60 5550.84 

C % (daf*) 46.20 632.65 

H % (daf) 6.70 1093.28 

O % (daf) 35.30 837.22 

N % (daf) 4.05 47.56 

S % (daf) 0.77 3.95 

Cl % (daf) 1.53 7.07 

Ca g∙kg-1dry 11.4325 7.13 

K g∙kg-1dry 31.125 19.90 

Mg g∙kg-1dry 5.65 5.81 

Na g∙kg-1dry 11.00 11.96 

P g∙kg-1 dry 6.2833 5.07 

Si g∙kg-1dry 6.30 5.61 

  *: dry ash free 

For the equilibrium calculations, the software programs FactSage 5.4.1 and Si-
muSage 1.12 have been used. FactSage is an integrated thermochemical databank 
system consisting of calculation modules and databases. It enables the user to ac-
cess and manipulate pure substance and solution databases and perform thermo-
chemical calculations such as multiphase chemical equilibria. The “Equilib” mod-
ule of the program can be used to perform complex equilibrium calculations for 
multicomponent, multiphase systems using the elementary amounts, temperature 
and pressure as an input. The module uses the direct Gibbs free energy minimiza-
tion method [167]. For a given temperature, pressure and composition, the total 
Gibbs free energy of the system which has to be minimized to reach the equilibri-
um can be defined as 

m
G N G

 



         (3.2) 

where φ is a phase index and where Nφ  is the amount and Gm
φ is the integral 

mole based Gibbs free energy of phase φ [168]. For a given multiphase system, the 
total Gibbs free energy is defined as 
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where ig refers to ideal gas, pcp to pure condensed phases and s to solution 
phases, and ni is the mole amount of compound i, Pi is the compound i’s gas par-
tial pressure divided by P0 (0.1 MPa for this study), xi is compound i’s mole frac-
tion, γi is the activity coefficient and gi

o is standard mole based Gibbs energy of 
compound i. The “Equilib” module of the software determines the combination of 
ni, Pi and xi to minimize the total Gibbs free energy of the system for the selected 
compounds at a given pressure and temperature. The partial pressure term in Eq. 
3.3 is multiplied by the fugacity coefficient of the gases calculated by the Virial EoS 
when the “real” option is selected for the gases [167,169]. The exact algorithm of 
the Gibbs free energy minimizer of the software is described elsewhere [168]. Due 
to the temperature limitations of the Henrian aqueous model in FactSage 5.4.1, Si-
muSage 1.12 has been used for these calculations which uses the same Gibbs free 
energy minimizer and database. The calculations have been performed at a pres-
sure of 24 MPa. 

3.1.2.3 Calculations in the subcritical region 

For the calculations in subcritical region, a solution model based on Henrian ac-
tivity coefficients involving unity activity coefficients was used. In addition, 
Kohler-Toop solution model and solution model based on Helgeson equations of 
state (EOS) were also tested. However, the results of the latter two solution models 
are presented in Appendix A. 

The equilibrium calculations involving unity activity coefficients with an as-
sumption of ideal solution behavior for the aqueous (aq) phase have been per-
formed with a temperature interval of 100 – 389.6 °C. After performing numerous 
simulations with SimuSage, it has been found that 389.6 °C is the temperature at 
which the phase transition of water is completed. Below this temperature, both 
liquid and vapor phase for water exist in an equilibrium, however, above this 
temperature only vapor phase exists. Thus, it can be stated that at 24 MPa the 
presence of solutes and gases increases the pseudo-critical point of water from 
381.2 °C [12] to 389.6 °C. The pseudo-critical point refers to the temperature where 
the isobaric heat capacity of water is at its maximum point at the corresponding 
pressure [26]. 

For the subcritical region 44 real gases, 112 pure liquids, 238 pure solids, 113 
aqueous compounds and 17 solution compounds in 3 different databases have 
been selected and the selected compunds are given in Appendix A. The selection 
has been made based on the activity and fugacity of compounds obtained from 
prior simulations which include all compounds defined in the database. Thermo-
dynamic data of pure water has been modified to make it consistent with the real 
phase behavior. To use the new water database, another new aqueous database for 
113 compounds has been created. The thermodynamic data required for this new 
solution model has been acquired from the FACT53 database of the software. Up-
on the results of initial simulations, as the software returned an error, thermody-
namic data of methane in aqueous form has been modified using the results of the 
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revised Helgeson-Kirkham-Flowers (HKF) EoS at 24 MPa provided by SUPCRT92 
software [170]. In general, the databases that have been used for the simulations of 
this temperature region are: FTsalt-ACL_C database for calculations of solid solu-
tion (ss) of NaCl, NH4Cl and KCl; FTsalt-CSOB database for calculations of solid 
solution of Na2CO3, Na2SO4, K2CO3 and K2SO4; FTsalt-SALTF database for calcula-
tions of liquid solution of Na2CO3, NaNO3, NaCl, NaOH, Na2SO4, KCl, KOH, 
KNO3, K2CO3 and K2SO4; FToxid-SLAGC database for calculations of slag liquid 
solution of MgO, Na2O, SiO2, CaO, Na3(PO4)2, Ca3(PO4)2, Mg3(PO4)2; FACT53 data-
base for pure liquids, real gases and solids; FToxid database for oxides and solu-
tions; FTsalt database for salts and solutions; a new water database and a new 
aqueous database generated from FACT53. 

3.1.2.4. Calculations in the supercritical region 

The temperature interval for calculations in the supercritical region was 390 - 
580 °C. As stated above, it is assumed that water exists only in its vapor phase 
above 389.6 °C. For this reason, the aqueous database has been excluded in the cal-
culations. Instead of an aqueous phase, a new solution database which can be de-
fined as aqueous hydrates has been created based on the works given in Leusbrock 
[171] and Shin et al. [172]. The new database has been created by using the Kohler-
Toop model feature of FactSage which allows to see the phase equilibrium be-
tween the solution and the solid under multi-component systems. A trial and error 
method has been used to generate the Gibbs free energies of the aqueous hydrates 
to make the simulations in agreement with the experimental results given in 
Leusbrock [171] and Shin et al. [172]. The compounds which have been defined 
with the new database are: NaCl, KCl, NaNO3, MgCl2, KH2PO4, MgSO4, CaCl2, 
Na2SO4, Na2CO3, SiO2, KOH. Please note that, the latter 2 are retrieved from Shin 
et al. [172] and the others from Leusbrock [171]. As FactSage did not take into ac-
count the temperature dependence of Gibbs free energy of liquids, liquid water 
data has been changed so that it could represent the real Gibbs free energy data at 
24 MPa. For the calculations in this region, it has been accepted that phase equilib-
rium of solids exists in the form of hydrates as 

2 2
( ) ( )

a b a b
Me X s n H O Me X n H O f          (3.4) 

where Me represents the salt cation, while X represent the salt anion, n is the num-
ber of water molecules needed for solvation for the salt, while s and f refer to the 
phases solid and fluid [171,173]. 

The calculations for this temperature region have been performed twice; the 
first calculation is performed to observe the behavior of aqueous hydrates, solids 
and liquids and the second calculation is performed to observe the behavior of 
gases. In the first case, water is selected as a part of the solution for the aqueous 
hydrates and in the second case water is selected as gas without the selection of 
aqueous hydrates. Although the solubility of the solids in the supercritical region 
has been taken into account by introducing aqueous hydrates into the model, it is 
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likely for some of the solids to show a similar solvation phenomenon for the tem-
perature region of 300 – 389.6 °C due to the high amount of water vapor. The data 
in the literature is limited to a couple of compounds such as sodium chloride [174] 
and quartz [175]. Furthermore, due to the presence of both liquid and gas state wa-
ter at the same time, it is not possible to add these compounds as separate solu-
tions to the software. 

3.1.2.5. Validation of the software for the supercritical region 

The validity of the software has been tested by comparing the experimental re-
sults [76,176] of some model compounds with the results of the software. Taylor et 
al [176] have gasified methanol, ethanol and ethylene glycol at 27.6 MPa and at dif-
ferent temperatures, whereas Byrd et al [76] carried out their SCW gasification of 
glycerol experiments in the presence of Ru/Al2O3 catalyst at 24.1 MPa and at dif-
ferent temperatures. As the model compounds only consist of C, H and O ele-
ments, only the gases and graphitic carbon have been selected for the calculations 
in the software. The comparisons of the results are given in Figure 3.1 and Figure 
3.2. The software results are in a good agreement with the experimental results of 
Byrd et al. [76], and the ethanol results of Taylor et al [176]. The results of the soft-
ware for methanol and ethylene glycol predict less hydrogen and carbon monox-
ide, and more methane and carbon dioxide than the results of the experiments. 
The difference is most likely due to the short residence times, as the authors [176] 
indicate that longer residence time results in more carbon dioxide and less carbon 
monoxide as the software predicts. 

 
Figure 3.1: Comparison of the experimental results of Taylor et al. [176] and the 
software prediction. Experiments have been carried out with a 15% feed concen-
tration, at 700 °C and at 27.6 MPa. 
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Figure 3.2: Comparison of the experimental results of Byrd et al. [76] and the soft-
ware prediction for the SCW gasification of glycerol. Experiments have been car-
ried at 24.1 MPa. 

Unlike the gas compounds, the equilibrium behavior of inorganics by means of 
compound basis during the SCW gasification of biomass systems has not been ex-
perimentally studied. However, the prediction and validation of the equilibrium 
composition of inorganic elements during the conventional gasification of biomass 
and/or coal have been extensively studied using FactSage. The list of publications 
of these studies can be accessed through the FactSage website [177]. 

3.1.3. Results and discussion 

Behavior of elements: The results are given in Figure 3.3 to Figure 3.12 which 
represent the results for 10 elements on a compound and phase basis for the tem-
perature region of 100 – 580 °C. Please note that for the temperature region of 100-
389.6 °C, the calculations have been performed based on the aforementioned sub-
critical region model and for the temperature region of 390-580 °C, the calculations 
have been performed based on the aforementioned supercritical region model. The 
results do not include the elements H and O as the great majority of these two el-
ements form H2O either in liquid or gas state.  

Figure 3.3 shows the mole fractions of carbon compounds.  It can be stated that 
two different trends exist for carbon: the trend in temperature region of 100 – 340 
°C and the trend in the temperature region of 340 – 580 °C. In the first region, solid 
carbon and the gaseous CO2 are the most formed compounds. Small amounts of 
aqueous compounds such as CO2, CH4, NaHCO3 and HCO3

- and another solid 
compound MgCO3 also exist. In the second region, the solid carbon is decomposed 
into the gas CO2 and CH4. While the amounts of these gases are almost the same 
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till 420 °C, above this temperature CH4 decomposes to CO2, CO and H2 as can also 
be seen from Figure 3.13. 

Figure 3.4 shows the mole fractions of calcium compounds. As it is seen from 
the Figure, within the temperature interval of 100 – 580 °C calcium is stable in the 
form of solids: mainly hydroxyapatite (Ca5HO13P3), which exists at all tempera-
tures and devitrite (Na2Ca3Si6O16), which exists only at around 360 °C. Yanagida et 
al. [79] have also reported in their work that calcium is recovered in the form of 
hydroxyapatite during the supercritical water gasification of poultry manure.  

Figure 3.5 shows the mole fractions of chloride compounds. It can be seen that 
chloride is only stable in the form of a chloride ion, Cl-, till 360 °C. Above this tem-
perature two new chloride compounds are formed: KCl and NaCl. These two 
compounds form a solid solution (ss) together, which is stable between 380 – 390 
°C and 460 – 580 °C. Between 390 – 420 °C, aqueous hydrates of NaCl and KCl are 
the most stable chloride compounds, which reach a maximum value at 420 °C. 

Figure 3.6 presents the mole fractions of potassium compounds.  The ionic form 
of potassium, K+, is the only stable potassium compound till 360 °C, however, 
above this temperature potassium compounds are converted to an aqueous hy-
drate of KCl, solid compounds of dipotassium phosphate (K2HPO4) and potassium 
silicate (K2Si2O5), KCl which forms a solid solution with NaCl, and K2CO3 which 
forms a solid solution with Na2CO3. It can be stated for the supercritical region 
that the most stable compounds are KCl and K2CO3 in the form of solid solutions. 

Figure 3.7 shows the mole fractions of magnesium compounds. Except for the 
negligible amount of aqueous solution compound, magnesium is stable only in the 
form of solid compounds. At low temperatures, magnesite (MgCO3) is the most 
abundant compound, whereas at high temperatures forsterite (Mg2SiO4) is the 
most formed compound. For the temperature region of 300 – 420 °C, talc 
(Mg3Si4O10(OH)2) and chrysot (Mg3Si2O5(OH)4) are also formed. 

Figure 3.8 shows the mole fractions of nitrogen compounds. Nitrogen gas is the 
most formed compound, which exists at every temperature with a great majority. 
For the temperature region of 100 – 360 °C, an aqueous solution of nitrogen gas al-
so exists, which reaches a maximum value of 26.6% around 300 °C. Also there is a 
negligible amount of two aqueous compounds of nitrogen existing till 150 °C: 
ammonium (NH4

+) and monoammonium phosphate ((NH4)H2PO4). Starting from 
340 °C, ammonia gas is also formed and its concentration increases with the in-
crease in the temperature. 

Figure 3.9 shows the mole fractions of sodium compounds. Till 340 °C, sodium 
is only stable in aqueous compounds: as sodium bicarbonate (NaHCO3) and main-
ly as sodium ion (Na+). At 380 °C, aqueous compounds almost disappear and solid 
solution compounds are formed: Na2CO3 which forms a solid solution with K2CO3 
and NaCl which forms a solid solution with KCl. Small amounts of aqueous hy-
drate formed from these two compounds are also formed within the temperature 
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region of 390 – 500 °C. At 580 °C, a different compound, trisodium phosphate 
(Na3PO4), is formed with a mole fraction of 12.1%. 

Figure 3.10 shows the mole fractions of phosphorus compounds. Hydroxyap-
atite is the most formed compound at all temperatures. In the subcritical region, 
aqueous phosphate compounds are also formed: HPO4

2-, NH4H2PO4, HP2O7
3-, 

MgP2O7
2- and H2P2O7

2-. The latter one is the most formed among the others and 
reaches a maximum value of 25% at 360  °C. In the supercritical region, two other 
solid compounds are formed: potassium phosphate for the temperature region of 
390 – 580°C and trisodium phosphate at only 580 °C. The mole fraction of hydrox-
yapatite is constant at 84.3% in the supercritical region. The reason for this stability 
originates from the mole ratio of phosphorus and calcium content in the manure 
and how much of them is consumed when they are forming hydroxyapatite. One 
can consider adding calcium compounds to the reaction to obtain all calcium and 
phosphate fractions in hydroxyapatite form. 

Figure 3.11 shows the mole fractions of sulphur compounds. Till 200 °C, sul-
phuric acid hexahydrate (H2SO4(H2O)6) is the only sulphur compound. Starting 
from 250 °C, it decomposes to aqueous compounds of the hydrogen sulfide ion 
(HS-), ionic sulphur (S2-) and aqueous form of hydrogen sulfide (H2S), and hydro-
gen sulfide gas. In the supercritical region, hydrogen sulfide gas is the only sul-
phur compound. 

Figure 3.12 shows the mole fractions of silicon compounds. Among all of these 
elements silicon is the most diverted element showing a partitioning into 9 differ-
ent compounds. Till 250 °C, aqueous silicic (H4SiO4) and metasilicic acid (H2SiO3), 
and quartz (SiO2) are stable compounds of which the latter one is the most formed 
one among them. Aqueous acidic compounds of silicon disappear at temperatures 
exceeding 300 °C and different solid compounds of silicon are formed. Talc is sta-
ble within the temperature region of 300 – 360 °C and 390 – 420 °C. Chrysot only 
appears between 360 and 380 °C, whereas devitrite is stable only at 360 °C. In the 
supercritical region, a small amount of aqueous hydrate of quartz exists in equilib-
rium with the other solid compounds mainly forsterite and potassium silicate. 
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Figure 3.3: Mole fractions of carbon compounds during SCW gasification of ma-
nure at 24 MPa with a water weight fraction of 80% at different temperatures. The 
results for the subcritical region are based on the aforementioned Henrian model. 

 

 
Figure 3.4: Mole fractions of calcium compounds during SCW gasification of ma-
nure at 24 MPa with a water weight fraction of 80% at different temperatures. The 
results for the subcritical region are based on the aforementioned Henrian model. 
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Figure 3.5: Mole fractions of chloride compounds during SCW gasification of ma-
nure at 24 MPa with a water weight fraction of 80% at different temperatures. The 
results for the subcritical region are based on the aforementioned Henrian model. 

 
Figure 3.6: Mole fractions of potassium compounds during SCW gasification of 
manure at 24 MPa with a water weight fraction of 80% at different temperatures. 
The results for the subcritical region are based on the aforementioned Henrian 
model. 
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Figure 3.7: Mole fractions of magnesium compounds during SCW gasification of 
manure at 24 MPa with a water weight fraction of 80% at different temperatures. 
The results for the subcritical region are based on the aforementioned Henrian 
model. 

 
Figure 3.8: Mole fractions of nitrogen compounds during SCW gasification of ma-
nure at 24 MPa with a water weight fraction of 80% at different temperatures. The 
results for the subcritical region are based on the aforementioned Henrian model. 
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Figure 3.9: Mole fractions of sodium compounds during SCW gasification of ma-
nure at 24 MPa with a water weight fraction of 80% at different temperatures. The 
results for the subcritical region are based on the aforementioned Henrian model. 

 

 
Figure 3.10: Mole fractions of phosphorus compounds during SCW gasification of 
manure at 24 MPa with a water weight fraction of 80% at different temperatures. 
The results for the subcritical region are based on the aforementioned Henrian 
model. 
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Figure 3.11: Mole fractions of sulphur compounds during SCW gasification of ma-
nure at 24 MPa with a water weight fraction of 80% at different temperatures. The 
results for the subcritical region are based on the aforementioned Henrian model. 

 

 
Figure 3.12: Mole fractions of silicon compounds during SCW gasification of ma-
nure at 24 MPa with a water weight fraction of 80% at different temperatures. The 
results for the subcritical region are based on the aforementioned Henrian model. 
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3.1.3.4. Behavior of gases  

Figure 3.13 shows the gas composition during the hydrothermal conversion at 
24 MPa and different temperatures. In addition to water vapor, CO2, CH4, N2, H2 
and negligible amounts of CO, NH3 and H2S are formed. While the amount of 
CO2, CH4 and H2 increases with the increase in temperature, the amount of N2 is 
almost stable in the region of 900 mmol∙kg-1 of dry manure during the subcritical 
region. As stated above, solid carbon drastically decreases starting from 300 °C 
and is converted into CO2 and CH4. Above 340 °C, the rate of increase of CO2 and 
CH4 decreases as the solid carbon completely disappears above that temperature. 
Above 340 °C, the increase in the amounts of CO2 and CH4 is due to the decrease 
of carbon content in aqueous phase. 

CO and H2 amounts are at least one order of magnitude lower than those of 
CO2 and CH4 in the subcritical region. This can be explained based on water gas 
shift (WGS) and methanation reactions and the equilibrium constants of these re-
actions. Equations 3.5 and 3.6 show the WGS and methanation reactions, respec-
tively, and Table 3.2 shows the equilibrium constants calculated using Aspen Plus 
software. 

CO + H2O ↔ CO2 + H2                (3.5) 

CO + 3H2 ↔ CH4 + H2O               (3.6) 

 
Figure 3.13: Behavior of gases during SCW gasification of manure at 24 MPa with 
a water weight fraction of 80% at different temperatures. 
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Table 3.2: Equilibrium constants of WGS and methanation reactions calculated by 
Aspen Plus. 

 

Equilibrium Constant  Equilibrium Constant 

Temperature 
(°C) WGS Methanation 

Temperature 
(°C) WGS Methanation 

100 3730 3.66E+17 389.6 13.7 31079.4 

150 794 1.22E+14 390 13.6 30342 

200 237 2.07E+11 400 12.28 16801 

250 90 1.14E+09 420 10.1 5411 

300 40 1.50E+07 460 7.06 671 

340 24 7.69E+05 500 5.14 102.56 

360 18.9 1.99E+05 540 3.88 18.74 

380 15.1 55758 580 3.01 3.99 

 

As seen from Table 3.2, the equilibrium constants of the aforementioned reac-
tions are so high that they enhance the forward reactions which results in high 
amounts of CH4 and CO2 as seen in Figure 3.13. Although H2 is produced in the 
WGS reaction, it is largely consumed in the methanation reaction to form CH4. 
Starting from 380 °C, the amount of methane decreases and the amount of hydro-
gen increases. This can be explained by the backward methanation reaction in 
which methane and water decomposes to hydrogen and carbon monoxide. As it 
can be seen from Figure 3.14, the amount of water also decreases in the supercriti-
cal region. The results indicate that one should work at temperatures higher than 
600 °C to obtain hydrogen rich gas. 

3.1.3.5. Behavior of water 

Figure 3.14 shows the behavior of water. Till 300 °C, water is mainly in liquid 
phase and above this temperature the amount of water vapour drastically increas-
es. For the temperature region of 100-300 °C, the amount of liquid water is higher 
than the initial water content and the maximum amount of water vapour at high 
temperatures is lower than the initial water content. This indicates that hydrogen 
and oxygen atoms of manure contribute to water formation in the subcritical re-
gion and then water is consumed in the reactions to form gases: mainly carbon di-
oxide, methane and hydrogen.  
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Figure 3.14: Mole amount of liquid and gas state water during SCW gasification of 
manure at 24 MPa with a water weight fraction of 80% at different temperatures 

3.1.3.6. The effect of pressure and water fraction on main product gases 

Figure 3.15 shows the effect of pressure on the main product gases for the re-
gion of 24-30 MPa with a water weight fraction of 80%. The simulations have been 
performed based on the aforementioned supercritical region model. It can be seen 
from Figure 3.15 that the pressure is not a main factor for the yield of the main 
product gases. H2 and CO2 yields decrease and CH4 yield increases with an in-
crease in pressure, however, the change is almost insignificant for CO2 and CH4. 
Castello and Fiori [125] and Yan et al. [124] have also shown the same trend in 
their works. On the other hand, Basu and Mettanant [3] have stated that the effect 
of pressure shows a complex behavior as it has different effects on the subcritical 
and supercritical region where ionic and free radical mechanisms take place, re-
spectively. 

Figure 3.16 shows the effect of the water fraction on the main product gases for 
the region of 80-95% water weight fraction and at a pressure of 24 MPa. The simu-
lations have been performed based on the aforementioned supercritical region 
model. The increase in the water fraction significantly increases the yields of H2 
and CO2, whereas it decreases the yield of CH4. The results are in agreement with 
the results of Lu et al. [178] and Yan et al. [124]. This effect can be explained by Le 
Chateleir’s principle for the WGS and methanation reactions. The increased frac-
tion of water enhances the forward WGS and backward methanation reactions 
which result in higher yields of  H2 and CO2 and a lower yield of CH4. 
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Figure 3.15: The effect of pressure on main product gases during SCW gasification 
of manure with a water weight fraction of 80% at different temperatures. 

 
Figure 3.16: The effect of water fraction on main product gases during SCW gasifi-
cation of manure at a pressure of 24 MPa and at different temperatures with dif-
ferent water weight fractions. 
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3.1.4. Conclusions 

The equilibrium behavior of elements on compound and phase basis during the 
hydrothermal conversion of mixed pig-cow manure up to 580 °C and at 24 MPa, as 
well as the effect of pressure and water weight fraction on main product gases, 
have been investigated with using direct Gibbs free energy minimization method. 
It is found that the presence of solutes and gases increases the pseudo critical point 
of water and in the subcritical region calcium, magnesium, phosphorus and silicon 
are stable in the form of solid compounds, whereas chlorine, potassium and sodi-
um are stable in the form of aqueous compounds. In the supercritical region, 
backward methanation reaction takes place and CH4 decomposes and forms H2. 
While the water fraction has a significant effect on the amount of main product 
gases, pressure was found to be less significant for the region of 24 – 30 MPa. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



PREDICTION OF PRODUCT COMPOUNDS WITH A THERMODYNAMIC EQUILIBRIUM APPROACH 

56 

 

3.2. DEVELOPMENT OF A THERMODYNAMIC MODEL FOR THE PREDICTIONS OF 

PRODUCTS AT EQUILIBRIUM STATE 

3.2.1. Introduction 

Most of research works in the literature regarding the prediction of product 
compounds with a thermodynamic equilibrium approach have been developed 
for the supercritical region and take only the gas phase compounds into account 
[118,120,123,124] or the graphitic carbon as the only solid product [125] as given in 
Table 2.3. The behavior of inorganics and the aqueous phase, on the other hand, 
have been investigated only by using software programs for only one type of bio-
mass: animal manure [79]. In the previous sub-chapter, the equilibrium partition-
ing of elements with respect to compounds and phases in the supercritical water 
gasification of a particular manure feedstock is investigated with the help of com-
mercial software packages. However in industrial applications, the use of different 
biomass feedstocks in supercritical water gasification will result in a different par-
titioning behavior. In addition, the solution phase models available in such soft-
ware packages may not be suitable and adequate for the analysis of supercritical 
water gasification of different type of biomass feedstocks at different process con-
ditions. For this reason, a model capable of predicting compound formation over a 
wider range of biomass types as well as using a more updated thermodynamic da-
ta for the solute species is valuable. This sub-chapter deals with the development 
of such a multi-phase thermodynamic model to predict the formation of com-
pounds at equilibrium state during the supercritical water gasification of biomass 
for both the subcritical and supercritical region.  

3.2.2. Thermodynamic model 

3.2.2.1 Equations for the gases 

The pressure and temperature of supercritical water gasification systems result 
in a non-ideal thermodynamic behavior for the gaseous compounds. This leads to 
the introduction of the fugacity coefficient into the Eq (3.3). The Peng-Robinson 
equation of state (EoS) has been chosen for the calculations as the previous works 
that based their studies of supercritical water gasification of biomass on this EoS 
[118,123,125] showed good agreement with the experimental results. 

With the introduction of the fugacity coefficients, the first term of the Eq. (3.3) 
becomes: 

1

N

i i

i

n 


          (3.7) 

where μi
 is the chemical potential under specific temperature and pressure con-

ditions, and can be defined as 
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where μ0,i
 is the chemical potential under standard pressure and can be defined as 
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Throughout this sub-chapter, the values for calculation of μ0,i
 have been ac-

quired from the FACT53 database of the FactSage software. The f0,i term in the (3.8) 
is P0, and  fi  term is the fugacity of component i and can be defined as 

ˆ ˆ
i i i

f x P           (3.10) 

where 
ˆ
i  is the fugacity coefficient and can be calculated by Peng-Robinson 

EoS. Peng-Robinson EoS has been developed based on Van der Waals’ EoS using a 
and b parameters derived from critical properties of substances and defined as 
[179] 
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2
0.37464 1.54226 0.26992          (3.19) 

The subscript c refers to the critical point and ω is the acentric factor of the sub-
stance. Solving the Eq. (3.12) will result in three roots and the maximum of the real 
roots refers to the gas phase and the minimum refers to the liquid phase in the 
two-phase region. For the supercritical region, only one real root exists [125,179]. 
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The original Peng-Robinson EoS uses the Van der Waals mixing rule for mix-
tures where the mixing parameters are determined using the following mixing 
rule [179]: 

m i j ij

i j

a x x a        (3.20) 

m i i

j

b x b         (3.21) 

(1 )
ij ij i j

a a a         (3.22) 

where δ can be calculated using the critical volume parameters of the substanc-
es [180] as 
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For mixtures, the values A and B in Eqs. (13) and (14) are calculated using the 
results of the Eqs. (20) and (21). Finally, the equation that enables to calculate the 
fugacity coefficients of the compounds in a mixture becomes: 
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where the subscript m refers to the mixture parameters. 

3.2.2.2 Equations for the pure condensed phases 

It can be stated that pressure does not have an influence on the thermodynamic 
properties of pure solids. In addition, as no data are given, the effect of pressure on 
thermodynamic properties of selected pure liquids is assumed to be insignificant. 
Throughout this sub-chapter, the required thermodynamic data for these pure 
condensed phases has been acquired from FACT53 database of FactSage. No solu-
tions nor postulated slags of these pure condensed phases have been taken into ac-
count throughout the calculations. 

Equations for the aqueous solution in subcritical region: The total Gibbs free 
energy of the aqueous phase is given in Eq. (3.3) as 

( ln ln )

j

t o

Aqueous j j j j

Aqueous

G n g RT x RT        (3.25) 

which can be rewritten in terms of water and other solute species as 
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       (3.26) 

where the subscript w refers to the solvent, water.  

 

3.2.2.3 Calculation of the thermodynamic properties of solute species 

The second term of Eq. (3.26) gives an expression for the total Gibbs free energy 
of the aqueous solutes on a mole fraction basis. In contrast to the water properties 
in the aqueous phase, it is better to use the molality based equation for the solute 
species. The second term in Eq. (3.26) can be rewritten in terms of chemical poten-
tials as: [181] 
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and the chemical potential can be expressed as 
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so the second term in the Eq. (3.26) can be rewritten in terms of molality based 
terms as 
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( ln ln )

i
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m
G n g RT RT

m
       (3.29) 

Where o

i
g  is the molality based standard Gibbs free energy, m is the species mo-

lality and 
i
  is the molality based activity coefficient and m  is the molality conver-

sion factor with a value of 1 mol/kg. Throughout this sub-chapter, the thermody-

namic data required for o

i
g  values of solutes have been acquired from the SUP-

CRT92 software using the slop07.DAT database developed by Shock et al. [182] 
The software uses the revised Helgeson-Kirkham-Flower (HKF) EoS [183].  Molali-
ty based activity coefficients for high pressure and high temperature aqueous sys-
tems have been given by Helgeson et al. [184] and derived from Debye-Hückel 
equation as 
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where the subscripts i, l and n represent anion, cation and neutral species, re-
spectively. The first term of the Eqs. (3.30) and (3.31) is the long-range interaction 
term (extended Debye-Hückel equation) and the second term is the mole fraction 
to molality conversion factor. The third term can be expressed as the effect of the 
difference between the electrostatic effects of pure water and solution and the last 
term is the short-range interaction term. The last term has been assumed to be in-
significant for the supercritical water gasification of biomass as the water content 
of the systems is quite high so that it can be assumed as a dilute system. 

 

The equations of the parameters are as follows [184,185]: 
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5
1.66027 10    Å∙cal∙mol-1      (3.47) 
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The subscript k in Eqs. (3.30) through (3.32) refers to the kth component of an 
electrolyte solution. In the original paper, Helgeson et al. [184] treat an electrolyte 
solution as a mixture of dissolved neutral solutes or ion pairs formed from dissolu-
tion of various particular components such as mixtures of salts and oxides. How-
ever, for all the calculations in this sub-chapter, the feedstock has been considered 
as one single component and individual solute species (either in the form of ions 
or neutral solutes) have been taken into account instead of ion pairs. This led to the 

reduction of ky  to 1 and I  to I. The parameter a  has been accepted to be 2
,e jr   

for the calculations. The parameters for Eqs. (37) through (39) are given in Table 

3.3 [185] with their units. 
,Pr,j Tr  values are acquired from SUPCRT92 software 

[170,182], the dielectric constant of water has been calculated from Uematsu and 
Franck [15], and the properties of water have been acquired from SUPCRT92 soft-

ware [170]. For neutral species, 
,Pr,j Tr  has the same value of 

j [170]. The ˆkb term 

in Eq.(3.51) has been given for many neutral species at 25 °C and 0.1 MPa by 
Helgeson et al. [184] and for the species which have not been given in Helgeson et 
al. [184] the values are assumed to be 2x10-3 kg∙mol-1 as given values are very close 
to this number.  

 

Table 3.3: The value and the units of the parameters given in the Eqs. (3.40) 
through (3.42). [185] 

i 
,g ia  units 

,g ib  unit
s 

,f ia  units 

1 -0.2037662x101 Å 0.6107361x101 - 0.3666666x10-15 °C-16 

2 0.5747000x10-2 Å/°C -0.1074377x10-1 °C-1 -0.1504956x10-9 Å/bar3 

3 -0.6557892x10-5 Å /°C2 0.1268348x10-4 °C-2 0.5017997x10-13 Å/bar4 

3.2.2.4 Calculation of the activity of water 

For the calculation of the activity of water in the aqueous phase, the following 
equations given by Helgeson et al. [184] have been used: 
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where 
wa  is the activity of water, *m is the total molality of the solute species 

and   is the osmotic coefficient of water, which is given as 
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The last two terms in Eq. (3.53) are the short-range interaction term and these 
are assumed to be insignificant for the supercritical water gasification of biomass 
systems studied in this work as explained above. So the Eq. (53) reduces to 
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The fundamentals and details of the equations used for the aqueous phase in 
the subcritical region calculations can be found in the cited references (see ref. 
[170,184,185]) 

3.2.2.5. Equations for the aqueous solution in supercritical region 

Solubility of solids in supercritical water has been investigated by many au-
thors and several models have been developed. These vary from reaction equilib-
rium to implementation of Flory-Huggins and lattice gas models theory in super-
critical medium [171–173,186–191]. Based on the agreement with the experimental 
results, it can be stated that the most successful model is the reaction equilibrium 
model [171,173,186,188,191] which is mainly based on the assumption that the 
equilibrium exists in a way that the molecules of a solute associate with the mole-
cules of a gas and form an aqueous hydrate complex [186]. This part is similar to 
section “3.1.2.4. Calculations in the supercritical region” and revisited here.  

The model presented section “3.1.2.4. Calculations in the supercritical region” 
also presumes that the solvation occurs not in the form of dissociated ions but in 
the form of neutral ion pairs [171,173,186,188,191].Although it has been found that 
ion clustering could take place in supercritical water to form multiple associated 
ions (such as Na3Cl2

+), this presumption can be stated as valid within the investi-
gated temperature, pressure and molality (< 0.1) region of the current work. 
[171,192] 
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The thermodynamic relationship of the model can be derived from Eq. (3.4) 
with the equilibrium constant equation as 

hyd

eq n

w s

a
K

a a
         (3.57) 

where a is activity, hyd is the aqueous hydrate complex, w is water and s is the 
solid. Eq. (3.57) could be further simplified to Eq. (3.58) with the assumption of the 
activity of a solid compound being unity and activity coefficient of water and 
aqueous hydrate complex being unity as well due to the dilute conditions. Fur-
thermore, water concentration can be expressed by its density 
[171,173,186,188,191,192]. These result Eq. (3.57) to be simplified as follows 

hyd hyd

eq n n

w s w

a C
K

a a 
         (3.58) 

where C is the concentration and ρ is the density. Finally, the concentration can 
be defined as a temperature and density dependent function as 

log log log log
hyd w eq w

A
C n K n B

T
          (3.59) 

where A and B are constants determined by the experimental results[173]. 

The equilibrium condition of the system can also be stated in the form of Gibbs 
free energy using the Eq. (3.2) as 
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Using unity activity coefficient assumptions as stated above and changing the 
second term of Eq. (3.60) into molality base would result in 

( ln ) ( ln ln )
hydt o o o

System w w w hyd hyd hyd s s

m
G n g RT x n g RT RT n g

m
       (3.61) 

where the relationship between mole fraction and molality based activity coef-
ficient is given by Moffat and Colon as [181] 

hyd hyd w
X          (3.62) 

To calculate the standard molal Gibbs free energies of the aqueous hydrate 
complexes, a MATLAB code is written using the fmincon routine of the software to 
minimize the function given in Eq. (3.61). Numerous simulations have been per-
formed to find the standard molal Gibbs free energies of aqueous hydrate com-
plexes which minimizes Eq. (3.61) while the concentration of the aqueous hydrate 
complex is in agreement with the experimental values given in the works of 
Leusbrock and Shin et al. [171,172]. Concerning all the calculations, mole fraction 
based activity coefficients are assumed to be unity for these species. 

 The total Gibbs free energy of the supercritical phase which consists of gases 
and aqueous hydrate complexes then becomes 
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It is assumed that the presence of aqueous hydrate complexes does not have an 
effect on the fugacity coefficient of the other species in the supercritical phase. Eq. 
(3.63) is the final equation which is the replacement for the ideal gas term in the Eq. 
(3.3) for the calculations in the supercritical region. 

3.2.3. Gibbs free energy minimization 

To determine the species and their amounts in the equilibrium state at a specif-
ic temperature and pressure, one has to minimize Eq. (3.2). This is indeed an opti-
mization problem with the constraints of mole and charge balance, and non-
negativity of the amount of species. A MATLAB® code using its fmincon routine is 
written for the minimization of Eq. (3.2) with the aforementioned constraints. The 
code has been run for both subcritical and supercritical conditions. Due to the 
temperature limitation of Eq. (3.42), the minimum temperature for the equilibrium 
calculations was 155 °C. Within the pressure range investigated in this work, the 
SUPCRT92 software does not calculate the thermodynamic properties of ionic spe-
cies for temperatures higher than 350 °C. One may also consider extrapolating the 
data for the ionic species beyond that region, but throughout this sub-chapter, to 
be consistent within the available databases existing in literature, only the neutral 
aqueous solutes have been taken into account for the subcritical region where the 
temperature is higher than 350 °C. 

Keeping the pressure constant, the temperature is increased until the gas or 
aqueous phase disappears. This temperature is assumed to be the phase transition 
point for the corresponding pressure and above this temperature, the system’s 
state is referred to as being in the supercritical region. Instead of aqueous species, 
aqueous hydrate complexes have been chosen for this region. 

3.2.4. Model validation 

The model has been validated by comparing with experimental results and 
model predictions already published. The validity of the model has been tested for 
the supercritical region and the subcritical region separately. The supercritical re-
gion simulations take the aqueous hydrate complexes and the solid and the gas 
phase compounds into account for all the simulations. However, the subcritical re-
gion simulations take solid, aqueous and gaseous compounds into account as well 
as the inorganic species. 

3.2.4.1. Validation of the model for the supercritical region 

Seven experimental results for different process conditions as well as different 
feedstocks from different authors [76,176,47,85,13,193,94] have been investigated in 
this region. The experimental work includes the results from both model biomass 
compounds and real biomass samples as well as solubilities of inorganics in super-
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critical water. The comparisons of the results are given in Figure 3.17 to Figure 
3.23. For all simulations, graphitic carbon and gaseous compounds consisting of C, 
H and O elements have been selected. However, for the cases shown in Figure 3.21 
and Figure 3.22, additional compounds have been selected. The details of this se-
lection are described below. For the validity of the solubilities of salt mixtures in 
supercritical water, aqueous hydrate complexes and their solid forms have been 
selected. 

Taylor et al. [176] have performed methanol, ethanol and ethylene glycol gasifi-
cation at a pressure of 27.6 MPa and at different temperatures, whereas Byrd et 
al.[76] gasified glycerol in supercritical water medium in the presence of Ru/Al2O3 

catalyst at a pressure of 24.1 MPa and at different temperatures. The model predic-
tions are in a good agreement with the experimental results of Byrd et al.[76] and 
the ethanol results of Taylor et al. [176]. The difference in gas fractions between the 
model predictions, and methanol and ethylene glycol experimental results in Fig-
ure 3.17 are believed to be due to the short residence times, as the authors’ [176] 
longer residence time experiments result in more carbon dioxide and methane, 
and less carbon monoxide and hydrogen. The model predictions are in agreement 
with that result of the authors [176]. The predictions of these two cases are also in 
agreement and very close to the predictions of previous works [118,125] and the 
results shown in Figure 3.1 and Figure 3.2. This is an indication that i) the model is 
in agreement with the models of others, and as expected ii) at high temperatures, 
due to the fugacity coefficients approaching unity, the difference in predictions 
arising from using a different EoS in the calculations decreases and becomes al-
most negligible.  

 
Figure 3.17: Comparison of the experimental results of Taylor et al.[176] and the 
model prediction. Experiments have been carried out with a 15% wt. feed concen-
tration, at 700 °C and at 27.6 MPa. 
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Figure 3.18: Comparison of the experimental results of Byrd et al.[76] and the 
model prediction for the SCW gasification of glycerol. Experiments have been car-
ried out at 24.1 MPa. 

Goodwin and Rorrer[47] have gasified 4.0 wt% xylose in a microchannel reac-
tor at a pressure of 25 MPa and at a temperature of 650 °C. The comparison be-
tween the experimental results and the model predictions is shown in Figure 3.19. 
The model predictions are in a very good agreement with the results of this exper-
iments as well.  

 
Figure 3.19: Comparison of the experimental results of Goodwin and Rorrer [47] 
and the model prediction for the SCW gasification of 4.0 wt.% xylose. Experiments 
have been carried out at a pressure of 25 MPa and a temperature of 650 °C. 
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Guan et al. [85] have gasified microalgae (modeled as C7H12O3), whereas Wald-
ner [13] has catalytically gasified wood as real biomass compounds in supercritical 
water. The comparison between the experimental results and the model predic-
tions are shown in Figure 3.20 and Figure 3.21, respectively. Please note that the 
results of Guan et al.[85] are their predictions for the equilibrium state amounts 
based on the kinetic model developed within the original paper. In Figure 3.21, 
two cases are shown: i) the model predictions when the wood is modeled just as 
CH1.490O0.677 without taking other elements into account and ii) the model predic-
tions when the wood is modeled not only as a CH1.490O0.677 but also taking nitrogen 
(0.00139 mol), sulphur (0.00015 mol), calcium (0.000303 mol), chlorine (0.00033 
mol), potassium (0.00029 mol), magnesium (0.00011 mol), sodium (0.0006 mol) and 
phosphorus (4.23x10-5 mol) into account based on the elemental analysis results of 
Waldner [13]. The presence of aqueous hydrate complexes and solid phase com-
pounds have been taken into account for that case. The model shows a good 
agreement between the experimental results of real biomass gasification systems 
as well. As it can be seen from Figure 3.21, taking the inorganic part of the biomass 
into account in the thermodynamic equilibrium analysis has a negligible effect on 
the gas composition. This phenomenon can be explained by the phase behavior of 
carbon at these process conditions. Almost all of it is stable only in the gas phase as 
the amount of inorganic elements are orders of magnitude less than carbon which 
limits the formation of carbon containing solid compounds (such as sodium car-
bonate, potassium carbonate). Nonetheless, the predictions show that except for 
the chlorine salts, the formed solids are carbonates which explains the negligible 
difference for two cases.  

 
Figure 3.20: Comparison of the experimental results of Guan et al.[85] and the 
model prediction for the SCW gasification of a 4.7 wt.% microalgae sample. Exper-
iments have been carried out at a water density of 0.087 g∙cm-3 and at a tempera-
ture of 500 °C. 
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Figure 3.21: Comparison of the experimental results of Waldner [13] and the model 
predictions for the SCW gasification of a 9.6 wt.% wood sample. Experiments have 
been carried out at a pressure of 31 MPa and at a temperature of 404 °C in the 
presence of Raney Ni 2800 catalyst. 

Chakinala et al. [94] have also catalytically gasified a microalgae sample, Chlo-
rella Wulgaris, as a real biomass. The comparison between the experimental results 
and the model predictions are shown in Figure 3.22. Similar to the previous case, 
the presence of inorganics has been taken into account for all the simulations 
based on the analysis results given in the original paper. Please note that the sul-
phur and the chlorine content of the microalgae has been assumed as 0.46 wt.% 
and 0.15 wt.%, respectively. The model predictions are in a very good agreement 
with the experimental results. 

 
Figure 3.22: Comparison of the experimental results of Chakinala et al. [94] and the 
model predictions for the SCW gasification of a 7.3 wt.% microalgae sample. Ex-
periments have been carried out at a pressure of 24 MPa and at a temperature of 
600 °C in the presence of Ru/TiO2 catalyst. 
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The validity of the model in the supercritical region for the inorganics has been 
tested by comparing the experimental results of Khan and Rogak [193] for the sol-
ubilities of Na2CO3 – Na2SO4 salt mixtures in supercritical water. The comparison 
of the model predictions with the experimental results are shown in Figure 3.23. 
The model predictions show a very good agreement with the experimental results 
within the uncertainty of the experiments. 

 
Figure 3.23: Comparison of the experimental results with the model predictions for 
the solubility of mixture of sodium carbonate and sodium sulphate in supercritical 
water. The experimental data are from ref.[193] and the model predictions are the 
results of the approach defined in Section 3.2.2.5 at 25 MPa. 

3.2.4.2. Validation of the model for the subcritical region 

Validation of the model for the subcritical region has been performed by com-
paring the solubilities of various compounds in a hydrothermal medium. 
Takenouchi and Kennedy [194] have investigated the CO2 solubility under various 
process conditions in a NaCl solution, whereas Duan and Li [195] have investigat-
ed the phase and aqueous species equilibrium of the H2O – CO2 – NaCl – CaCO3 

system at high pressures and temperatures, and developed a model for the predic-
tion of the species.  

Figure 3.24 shows the comparison between the model predictions and the ex-
perimental results of CO2 solubility in a 6% wt. NaCl solution at a pressure of 30 
MPa and Figure 3.25 shows the CaCO3 solubility comparison between the Duan 
and Li model predictions and the model developed within this sub-chapter in a 1 
molal NaCl + 0.01 molal CO2 solution at pressure of 25 MPa. 
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Figure 3.24: Solubility of CO2 in a 6% wt. NaCl solution at 30 MPa. Comparison 
with the data of ref. [194]  

 
Figure 3.25: Solubility of CaCO3 in a 1 molal NaCl + 0.01 molal CO2 solution at 25 
MPa. Comparison with the model of ref.[195] 

For both of the works, the model predictions show a similar trend as the com-
pared data. The agreement between the experimental results of CO2 solubility is 
better than the Duan and Li model predictions of CaCO3, and very close to the ex-
perimental results. The difference between the Duan and Li model and the model 
in this sub-chapter is acceptable and is most likely due to the different thermody-
namic property values that have been used for some of the species and/or a dif-
ferent activity coefficient model that Duan and Li have used. Another explanation 
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could be the use of a different method for the prediction of the equilibrium state. 
Duan and Li have used the reaction equilibrium constant method instead of a 
Gibbs free energy minimization. The original paper of Duan and Li have also 
compared the predictions of their model with a model based on SUPCRT92 soft-
ware for the calcite solubility. The relative differences between these two models 
are almost the same as the relative difference between the model in this sub-
chapter and the Duan and Li model. This is an indication that i) the model in this 
sub-chapter is in agreement with the other models that use the SUPCRT92 data-
base, and ii) the effect of thermodynamic data is more important than the effect of 
the selected activity coefficient model and equilibrium approach method on pre-
dicting the equilibrium state amounts. From Figure 3.24 and Figure 3.25, one can 
also interpret that the neglected short range interactions might play a remarkable 
role for the solutions which have an ionic strength much higher than 1. Nonethe-
less, the assumption of neglecting the short range interactions in the calculation of 
activity coefficients can still be considered to be valid, as the supercritical water 
gasification of biomass is carried out with a high water weight fraction which 
would result in an ionic strength substantially lower than 1 in the subcritical re-
gion. 

3.2.5. A case study: microalgae gasification in supercritical water 

3.2.5.1. Simulation conditions 

A case study has been performed to observe the effect of pressure, temperature 
and dry matter content on the phase behavior of elements and the main gas prod-
uct yields during the supercritical water gasification of microalgae. The elemental 
analysis results of a microalgae sample (sample number #1921) of the Phyllis data-
base [165] has been used for the input of the simulations. The sum of the results of 
the inorganics has been normalized to the total ash content of the sample. The 
analysis results and the input values for 1 kg of dry microalgae used in the simula-
tions are given in Table 3.4. 

The simulations have been performed at temperatures between 200 – 600 °C, 
pressures between 25 – 30 MPa and dry matter content between 10 – 20%. Regard-
ing all the calculations in the subcritical region 13 gas compounds (water, hydro-
gen, oxygen, methane, carbon dioxide, carbon monoxide, nitrogen, ammonia, hy-
drogen sulfide, ethylene, ethane, cyclopropane and propane), 86 aqueous species 
(57 ionic and 28 neutral) including liquid water (all possible compounds from 
slop07.dat database except from the high molecular weight organic compounds) 
and 216 pure condensed phases (all possible 210 solid and 6 liquid compounds 
from the databases of FactSage software) have been taken into account. In the su-
percritical region, 12 aqueous hydrate complexes (sodium chloride, potassium 
chloride, sodium nitrate, potassium nitrate, magnesium chloride, calcium chloride, 
monopotassium phosphate, magnesium sulfate, sodium sulfate, sodium car-
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bonate, silicon dioxide and potassium hydroxide) have been taken into account in-
stead of the aqueous species. The selected compounds are given in Appendix A. 

Table 3.4: Elemental compositions of the microalgae from Phyllis database [165] 
and the mole input for the calculations. 

Component  Analysis Basis Value Mole input 

C % (daf*) 52.73 43.9 

H % (daf) 7.22 71.63 

O % (daf) 28.85 18.03 

N % (daf) 8.01 5.72 

S % (daf) 0.49 0.15 

Cl mg∙kg-1dry 1770.00 0.095 

Ca mg∙kg-1dry 725.00 0.0345 

K mg∙kg-1dry 6400.00 0.314 

Mg mg∙kg-1dry 1390.00 0.11 

Na mg∙kg-1dry 980.00 0.082 

P mg∙kg-1 dry 2700.00 0.167 

Si mg∙kg-1dry 125.00 0.009 

Ash % dry 2.52 – 

  *: dry ash free 

3.2.5.2. Simulation results 

Phase behavior of elements: The simulations have been performed for 6 differ-
ent temperatures, 3 different pressures and 3 different dry matter concentrations. 
Instead of showing the simulation results for the amounts of the equilibrium com-
pounds for the 12 elements at 30 different conditions, phase behavior of elements 
and a typical result for the equilibrium amount of chlorine compounds are given 
within this sub-chapter to show the capability of the model. Figure 3.26 – Figure 
3.33 show the phase behavior of elements at different temperatures, pressures and 
dry matter contents. The results do not include the elements H and O as the great 
majority of these two elements form H2O either in liquid or gas state. In addition, 
as calcium and magnesium compounds are only formed in solid phase, the results 
are not given for these elements. Calcium is stable in the form of hydroxyapatite 
(Ca5HO13P3) which is in agreement with the results of other works in the literature 
[79]. On the other hand, magnesium forms a variety of solid compounds, includ-
ing silicon, phosphorus and carbonate in their composition. The term “fluid phase” 
refers to gas phase in the subcritical region and the aqueous phase does not exist in 
the supercritical region. Figure 3.34 shows the equilibrium amount of the chlorine 
compounds at different temperatures, at 25 MPa and at 20% dry matter concentra-
tion. 
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Figure 3.26: Phase distribution of carbon compounds at different conditions. 

 

 
Figure 3.27: Phase distribution of chlorine compounds at different conditions. 
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Figure 3.28: Phase distribution of potassium compounds at different conditions. 

 

 
Figure 3.29: Phase distribution of nitrogen compounds at different conditions. 
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Figure 3.30: Phase distribution of sodium compounds at different conditions. 

 

 
Figure 3.31: Phase distribution of phosphorus compounds at different conditions. 
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Figure 3.32: Phase distribution of sulphur compounds at different conditions. 

 

 
Figure 3.33: Phase distribution of silicon compounds at different conditions. 
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Figure 3.34: Equilibrium amounts of chlorine compounds at different tempera-
tures, at 25 MPa and at 20% dry matter concentration. 

 It can be stated that carbon compounds exist in all phases in the subcritical re-
gion of which the majority is stable in the solid phase in the form of graphitic car-
bon. In all cases, carbon gasification efficiency is already 100% at temperatures 
higher than 350 °C. Chlorine, potassium and sodium compounds have a similar 
trend: they are stable in the aqueous phase in the subcritical region, however the 
solubility in the fluid phase in the supercritical region is dependent on the process 
conditions. Higher pressures as well as higher water concentrations provide a 
higher solubility. On the other hand, the increase in the temperature has a negative 
effect on the solubility resulting in a precipitation in the supercritical region, espe-
cially at temperatures higher than 400 °C. Nitrogen compounds have low solubili-
ties in the aqueous phase in the subcritical region. In all of the cases, the solubility 
is less than 30% and shift to the gas phase even at a temperature of 350 °C of which 
the majority is in the form of N2. Phosphorus compounds are almost equally dis-
tributed to aqueous and solid phases in the subcritical region and the dissolved 
compounds start precipitating in the supercritical region in all of the cases. Sul-
phur compounds are mainly dissolved in the aqueous phase in the subcritical re-
gion and they shift to the fluid phase in the supercritical region of which the ma-
jority is in the form of H2S. Silicon compounds exist in both aqueous and solid 
phases in the subcritical region where the solubility ratio depends on the process 
conditions. While the solubility might even attain a value of 100% in the subcritical 
region, it is quite low in the supercritical region, attaining a value of 3% at most of 
which the remaining is stable in the form of magnesium silicate (Mg2SiO4). 

The results indicate that pressure does not play a significant role on the phase 
behavior of elements, however, it does slightly increase the solubility of elements 
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in the aqueous phase. This behavior is expected as the increase in the pressure in-
creases the dielectric constant and density of water which results in an increase in 
the solvation properties of water. This effect is also valid in the supercritical region 
and results in an increase in the solubilities of aqueous hydrate complexes. Dry 
matter content plays a more significant role than the pressure. As expected, higher 
water content results in higher solubilities both in subcritical and supercritical re-
gion. The temperature plays the most significant role in the supercritical gasifica-
tion of microalgae. Not only the distribution of the elements into the phases 
change, but also the stable compounds in each of the phases change with the 
change of the temperature. The results also show that elements that have a high 
solubility in the subcritical region, also have a high solubility at the lower tempera-
tures of the supercritical region. This is due to the higher dielectric constant and 
density properties of water at lower temperatures which provides better solvation 
properties as explained above.  

Main gas products: Figure 3.35 and Figure 3.36 show the effect of temperature, 
pressure and dry matter content on the main product gases. It can be observed that 
pressure has almost an insignificant effect on the yield of the main product gases 
as well. On the other hand, dry matter content has a significant effect on the yields 
of the main product gases. The results are in agreement with the results of others 
[124,125,178]. The effect of dry matter content on the main gas products is lower in 
the subcritical region, however, it becomes more significant in the supercritical re-
gion as both pressure and dry matter content parameters have more influence on 
the solid – aqueous phase equilibria in the subcritical region. The results do not in-
clude carbon monoxide as the amount is quite low within the investigated temper-
ature region of this sub-chapter. The behavior of carbon monoxide is in agreement 
with the experimental results shown in Figure 3.17 – Figure 3.22. 

 
Figure 3.35: The effect of temperature and pressure on the supercritical gasification 
of microalgae. 
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Figure 3.36: The effect of temperature and dry matter content on the supercritical 
gasification of microalgae. 

The results also indicate that methane yield reaches its maximum at higher 
pressures and at higher dry matter conditions. In contrast, hydrogen yield reaches 
its maximum at lower pressures and at lower dry matter conditions. In all of the 
cases, with an increase in the temperature, the yield of methane decreases, where-
as carbon dioxide and hydrogen yields increase. These observed predictions are 
explained by the equilibrium constants of the water gas shift and methanation re-
actions (see section “3.1.3.4. Behavior of gases”). 

3.2.6. Discussions 

The developed model is capable of predicting the equilibrium state compounds 
for a given temperature, pressure and initial elemental composition. No limitations 
exist for pressure, however, temperature should be higher than 155 °C because of 
Eq. (3.42). Depending on the inorganic content of the biomass, dry matter content 
could be as high as 40% or as low as 10% if one does not want to take into account 
the short range interactions term in the subcritical region in Eqs. (3.30) – (3.32) and 
(3.53) within the ionic strength and solute molality limitations (<1) of the model. 

In addition to the activity coefficient models for the aqueous species, the ther-
modynamic data also plays a significant role in the validity of the model. Alt-
hough there had been attempts to improve the revised HKF EoS in the literature 
(see ref. [196]), or the thermodynamic properties of some of the compounds were 
found to be inconsistent with the experimental data (see ref. [195]), the revised 
HKF EoS is still the most fundamental, common and reliable method to predict the 
thermodynamic properties of aqueous species at high pressures and temperatures, 
and it is widely used in the literature and by common thermochemical software 
packages such as FactSage and OLIAnalyzer. The inability of the revised HKF EoS 
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to predict the thermodynamic properties of ionic aqueous species at temperatures 
higher than 350 °C may be stated as a drawback. However, this could be consid-
ered to be not that significant as it is known that the increase in the temperature 
strongly increases the tendency for ion pairing [197]. The model showed the same 
phenomena as well: the amount of neutral ion pairs (such as NaCl and KOH) sig-
nificantly increased with the increase in the temperature, whereas the ionic forms 
of these species (Na+, Cl-, K+) decreased starting from 300 °C (see Figure 3.34 as 
well). 

Concerning all the simulations presented in this sub-chapter, well-known and 
reliable databases of FactSage software have been used for the required thermo-
dynamic properties of pure condensed phases and gases. There are free databases 
in the literature (NIST web database, JANAF tables, SUPCRT92 software etc.) from 
which one may benefit to make a freeware model. 

For the simulations in the temperature range of 300 – 350 °C and dry matter 
content of 30%, it has been observed that the success of the optimization routine 
used in the model is strongly dependent on the initial guesses of the amounts of 
compounds. Changing the initial conditions with respect to the results of the con-
ditions having a temperature of lower or higher than the aforementioned region as 
well as changing the constraint tolerances would overcome the possible nonrealis-
tic results. One might also consider developing a specific optimizer or using a 
well-known optimizer –  such as ChemSage (see ref. [168]) – to overcome any such 
problems. This is however, beyond the scope of this work as the focus of this sub-
chapter is developing a thermochemical model rather than the optimizer. 

The model also has the flexibility to add more phases such as liquid or solid so-
lutions of salts, or slag phases into the calculations. Throughout this sub-chapter, 
these additional phases have not been taken into account as these phases start 
formation at higher temperatures than the studied temperatures of this work. 

Obtaining the chemical equilibrium species at a constant pressure and tempera-
ture via the minimization of free energy or maximization of entropy method – 
which are the same depending on the constraints used within the system [198] – 
has an important advantage over the method of equilibrium constants of chemical 
reactions: it does not require the information about the reactions taking place with-
in the system which allow it to reach to its equilibrium state, in contrast, only the 
knowledge of the thermodynamic properties of selected species is needed. There-
fore, the method is independent of any reaction mechanism to reach the equilibri-
um state [199]. This equilibrium state of the system can be referred to as uncon-
strained equilibrium or full thermodynamic equilibrium. Practically, the system 
might face various natural phenomena that would keep it from reaching that state 
[128]. However, the model can be improved with the introduction of additional 
physical constraints (in the form of linear/nonlinear equations) as well as taking 
less compounds into account to have a better prediction of the real experimental 
results. A similar approach has already been followed by Yan et al. [124] They 
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have introduced gasification efficiency as a modified constraint in the minimiza-
tion procedure to obtain a better prediction of the system. The testing of adding 
additional constraints is investigated in Chapter 4. 

3.2.7. Conclusions 

A multiphase thermodynamic equilibrium model based on the fundamentals of 
the Gibbs free energy minimization method has been developed to predict the 
equilibrium state compounds for the supercritical water gasification based bio-
mass conversion systems. The model is capable of performing calculations for var-
ious temperature, pressure and dry matter conditions for both subcritical and su-
percritical regions. The validation of the model by comparing the results of others 
has been performed and the results of the model were found to be in agreement 
with the results of others. The model shows a very good performance in predicting 
the amount of gases in real biomass gasification processes and the solubility of 
salts mixtures in supercritical water. 

The case study results for microalgae gasification in supercritical water under 
different process conditions show that pressure is the least significant parameter 
on the formation of compounds, whereas, temperature and dry matter content are 
found to have a significant effect on the compound formation behavior. 

The current state of the model will still give adequate information on the be-
havior of the elements and gases. Nonetheless, developing the model into a more 
reliable version by means of adding more constraints and selecting less com-
pounds depending on the experimental results is presented in the next chapter. 
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4. TESTING THE CONSTRAINED EQUILIBRIUM 

METHOD FOR THE MODELING OF SUPERCRITICAL 

WATER GASIFICATION OF BIOMASS 

 

In this chapter, constrained equilibrium method is tested for the modeling of supercriti-
cal water gasification (SCWG) of biomass. In the previous chapter, SCWG of biomass has 
been modeled using a global thermodynamic equilibrium approach. However, it is known 
that most of the SCWG of biomass systems do not reach to its global thermodynamic equi-
librium state.   

Constrained equilibrium method can be a useful tool for the modeling of SCWG of bio-
mass processes for local equilibrium conditions. The additional constraints for the Gibbs 
free energy minimization method and testing the constrained equilibrium method for the 
modeling of supercritical water gasification of biomass are reported in this chapter. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

The contents of this chapter have been adapted from: 

O. Yakaboylu, J. Harinck, K.G. Smit, W. de Jong, Testing the constrained equilibrium method for the 
modeling of supercritical water gasification of biomass, Fuel Process. Technol. 138 (2015) 74–85. 
doi:10.1016/j.fuproc.2015.05.009.
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4.1. INTRODUCTION 

In the previous chapter, a global thermodynamic equilibrium approach using 
the Gibbs free energy minimization method is shown to be successful for the pre-
diction of product compounds for different kinds of biomass feedstocks under dif-
ferent process conditions. However, the predicted compounds are the “uncon-
strained” equilibrium state compounds. Most of the real conversion systems do 
not reach that state due to the natural constraints that could keep the system away 
from it [128]. Nevertheless, adding more constraints into the Gibbs free energy 
minimization method has the potential to predict the local equilibrium state com-
pounds more accurately. Keck and Gillespie [200] successfully applied a similar 
method for combustion systems as an alternative to detailed kinetic modeling. 
They introduced the rate-controlled constrained-equilibrium (RCCE) method; the 
basis of this model was to combine Gibbs free energy minimization with the reac-
tion rates of slow reactions as well as introducing extra constraints throughout the 
minimization routine which significantly decreased the number of kinetic equa-
tions needed to predict the gas composition for reacting gas mixtures. Keck [199] 
further improved and tested this model for different systems. Validity of con-
strained equilibrium method in combustion systems has been tested by many oth-
er researchers [201–204] as well. Unfortunately, this method is not viable for the 
systems of which the detailed kinetic mechanisms and reaction pathways are not 
known. However, the relationship between reaction kinetics and thermodynamic 
equilibrium as well as the use of both of them in calculating the multicomponent 
chemical reaction mixtures were investigated by Alberty [205] and Koukkari [206]. 
Koukkari and his co-workers [207–212] later improved their approach and extend-
ed the applicability of the constrained equilibrium method for different systems. 
Recently, Kangas et al. [213,214] have successfully applied the constrained equilib-
rium method for the conventional biomass gasification and conversion systems. 
Here, Kangas et al. [213] have introduced process dependent values (such as the 
amounts of carbon conversion, tar, ammonia, hydrogen, methane and other hy-
drocarbons) as additional constraints in modeling the conventional biomass gasifi-
cation. The physical values of the additional constraints were acquired from exper-
imental data that exist in literature. The authors concluded that the accuracy of the 
model increases with the formulation of additional constraints, however, the use 
of the additional constraints requires at least partly process specific experimental 
information which might need to be adapted in order to use in different gasifica-
tion setups and conditions. Nevertheless, the model was found to be promising as 
the chemical reactions, product streams’ enthalpy and the states of the system can 
be estimated concurrently. 

The use of such a constrained equilibrium method in SCWG of biomass sys-
tems has not been investigated so far. Unfortunately, the method of Keck and Gil-
lespie [200] is not viable for SCWG of biomass systems as the detailed reaction ex-
pressions and the pathway for complex real biomass are not known yet. Besides, 
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there is not any thermodynamic data available in literature for complex biomass 
constituent compounds at high temperatures and pressures or in a hydrothermal 
medium. However, like the work of Kangas et al. [213] that involves conventional 
biomass gasification systems, with the introduction of additional physical con-
straints in the minimization routine, supercritical water gasification of biomass 
products can also be better predicted. Yan et al. [124] have introduced carbon con-
version efficiency as a constraint into their model which resulted in a better predic-
tion of the gas products. This chapter aims to determine the additional constraints 
for the Gibbs free energy minimization method and to test the constrained equilib-
rium method for the modeling of SCWG of biomass. 

4.2. MODEL 

The model proposed within this chapter is composed of two parts: i) the “un-
constrained” equilibrium which directly uses the Gibbs free energy minimization 
method and ii) the additional “constraints” added into the minimization algorithm 
to obtain a better prediction of the real system.  

4.2.1. The thermodynamic background for the unconstrained equilib-

rium 

The basis of the methodology used within this chapter is the same as the model 
defined in the section “3.2.2. Thermodynamic model”. 

4.2.2. Additional constraints 

Additional constraints can be introduced into the minimization routine similar 
to the approach defined above. The constraints can be in the form of linear and/or 
nonlinear equations/inequalities. The proposed constraints within this chapter are 
described below.  

Carbon/Hydrogen asification efficiency: One of the main criteria for the equi-
librium for a biomass based SCWG system is the carbon gasification efficiency. 
Carbon or hydrogen gasification efficiency (C/HGE) can be expressed as the ratio of 
the total amount carbon or hydrogen in the gas phase to total amount of carbon or 
hydrogen in the feedstock and can be formulated as 

,

,

, ,
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l gas

l gas i

l

l feed l feed

n
n

GE
n n

 


       (4.1) 

where l refers to carbon or hydrogen and i refers to CH4, CO2, CO, H2, CxHy. It 
has been reported for many cases that thermodynamic equilibrium analysis for a 
typical biomass gasification system predicts complete (100%) CGE [125]. There-
fore, it can be stated that the CGE is an indication for how far the system is from 
equilibrium. Even though it is not a main criterion, hydrogen gasification efficien-
cy might also play a role in the indication of the equilibrium state of the system. 
The expression can be introduced into the minimization routine as 
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        (4.2) 

Dissolved carbon conversion: Dissolved carbon conversion (DCC) is the 
amount of carbon that is dissolved in the water throughout the process. In other 
words, it is the difference between the amount of carbon in the feedstock and in 
the solid phase that is formed during the gasification process. When it is used to-
gether with CGE, it shows how the carbon content of the feedstock will be parti-
tioned to each phase. DCC can be formulated as 
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     (4.3) 

where i,solid is generally graphitic carbon. The expression can be introduced into 
the minimization routine in the form of solid carbon conversion (SCC) as 
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        (4.4) 

Constrained amounts for specific compounds: When there is a set of complex 
reactions in a system, there is a substantial possibility that the formation of a spe-
cific compound might be significantly slower than the other ones due to some of 
the slower reactions. Thus, it can be stated that these reactions are rate limiting. 
Determining a fixed amount for that specific compound will take the slow reac-
tions into account throughout the minimization of the Gibbs free energy of the sys-
tem and can be introduced into the minimization routine as 

i
n A         (4.5) 

where A is a specific mole amount of the compound i. Similarly, the fixed 
amount can be related to another compound. For that case, the relation becomes 

i j
n Bn         (4.6) 

where A and B can be either a ratio function or a constant number defining the 
relation between the amount of compounds. In order to take kinetics of the com-
pound formation into account throughout the minimization procedure, the pa-
rameters A and B in Eqs. (4.5) and (4.6) can be introduced as a function which 
takes the change in compound amounts in time into account. A similar approach 
has been used by Kangas et al. [213] for a conventional gasification process. Here, 
the authors used constant amounts or temperature dependent functions as addi-
tional physical constraints for different compounds varying from char amount to 
molar quantity of benzene formed. 

One can also include the fact that some of the compounds are more abundant 
than the others. For example, at low temperatures methane formation is more 
dominant, whereas at high temperatures hydrogen formation is more dominant 
during the supercritical water gasification. For these cases, the constraints can be 
in the form of inequalities such as 
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i j
n Bn         (4.7) 

where   is an inequality sign. 

Reaction equilibria: There is a possibility that the amount of compounds is de-
pendent on the equilibrium of specific reactions. In some of the previous model-
ling papers (such as [47,85,86]), water gas shift and methanation reactions have 
been assumed to be the main gas phase reactions which may result in equilibrium. 
So, for such a case, suppose that specific reactions are in equilibrium during the 
gasification process and the reactions are in the form of a reversible reaction as 

xX + yY + … ↔ pP+ rR + …      (4.8) 

The reaction equilibrium constant can written in terms of activities as 
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...
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       (4.9) 

where Keq is the equilibrium constant and ai is the activity of the compound i. 
The equilibrium constant of a reaction can be calculated using the well-known re-
action Gibbs free energy method 

0
ln

f
G RT K          (4.10) 

Activities of the species can be calculated via the EoS that are used in calculat-
ing the Eqs. (3.8) and (3.29). 

4.2.3. Two approaches 

The model with the presence of additional constraints is referred to as the “con-
strained equilibrium model”. Two different approaches have been tested for the 
constrained equilibrium model: i) treating the fluid phase as it is composed of one 
“pseudo” gas phase and one “pseudo” aqueous solution phase (approach I) and ii) 
treating the fluid phase as one single phase (approach II). In approach I, gas com-
pounds and organic compounds have been treated as if they are separate phases. 
In approach II, only one single fluid phase has been assumed to exist in supercriti-
cal phase for the gas compounds (such as H2, CH4, CO2, CO and CxHy) and organic 
compounds (such as acids and phenols) as it is reported in many papers that the 
thermophysical properties of water in its supercritical state results in a complete 
miscibility with gases and organic compounds [10,14,215]. In approach I, Eq. 3.8 
has been used for the gases and Eqs. 3.25, 3.26, 3.29 and 3.52 have been used for 
the organic compounds, and in approach II, Eqs. 3.25, 3.26, 3.29 and 3.52 have been 
taken into account for all of the fluid phase compounds. 

Throughout this chapter, the thermodynamic data required to calculate μ0,i val-
ues for the gases and gi

0 values for the pure condensed phases have been acquired 
from the FACT53 database of the FactSage software, and the thermodynamic data 

required for o

i
g  values of aqueous solutes have been acquired from the SUPCRT92 

software using the slop07.DAT database developed by Shock et al. [170,182].  The 
software uses the revised Helgeson-Kirkham-Flower (HKF) EoS [183]. 
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4.2.4. Minimization procedure 

A Gibbs free energy minimization code has been run in MATLAB using its 
fmincon routine. Gases, aqueous species and solids have been taken into account 
using the aforementioned equations. The constraints defined in section “3.2.3. 
Gibbs free energy minimization” were the basic constraints for all of the simula-
tions. The effect of additional constraints on the prediction efficiency has been test-
ed by comparing the results of the predictions with the experimental results of 
others. 

4.3. RESULTS 

4.3.1. Comparison of two approaches 

Figure 4.1 – Figure 4.4 show the comparison of the model predictions with the 
results of supercritical water gasification of real biomass feedstocks (wood and 
swine manure). The model predictions include the two approaches defined in sec-
tion “4.2.3. Two approaches”. To make a comparison, the results of the global 
thermodynamic equilibrium (GTE) predictions are also shown. 

 
Figure 4.1: Comparison of the model predictions with the results of supercritical 
water gasification of 10 wt. % wood at a pressure of 34.1 MPa and at a temperature 
of 409 °C. Experimental data is taken from ref. [13]. Experiments have been con-
ducted in the presence of Raney Ni 2800 catalyst in a batch reactor with a total res-
idence time of 29 minutes. CGE is 0.46 and DCC is 0.991. 

 

 

0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

0.8

0.9

1

CO₂(g) CH₄(g) H₂(g) CO(g)

M
o

le
 F

ra
ct

io
n

 

Experimental Results Model Predictions with Approach I

Model Predictions with Approach II Model Predictions with GTE



4.3. Results 

89 

 

 
Figure 4.2: Comparison of the model predictions with the results of supercritical 
water gasification of 9.7 wt. % wood at a pressure of 29.3 MPa and at a tempera-
ture of 400 °C. Experimental data is taken from ref. [13]. Experiments have been 
conducted in the presence of Raney Ni 2800 catalyst in a batch reactor with a total 
residence time of 66 minutes. CGE is 0.80 and DCC is 0.951. 

 
Figure 4.3: Comparison of the model predictions with the results of supercritical 
water gasification of 29.9 wt. % wood at a pressure of 32 MPa and at a temperature 
of 403 °C. Experimental data is taken from ref. [13]. Experiments have been con-
ducted in the presence of Raney Ni 2800 catalyst in a batch reactor with a total res-
idence time of 93 minutes. CGE is 0.89 and DCC is 0.995. 
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Figure 4.4: Comparison of the model predictions with the results of supercritical 
water gasification of 13.2 wt. % swine manure at a pressure of 30.1 MPa and at a 
temperature of 405 °C. Experimental data is taken from ref. [13]. Experiments have 
been conducted in the presence of Raney Ni 2800 catalyst in a batch reactor with a 
total residence time of 36 minutes. CGE is 0.813 and DCC is 0.935. 

For the cases shown in Figure 4.1 – Figure 4.4 only two additional constrains 
have been used: carbon gasification efficiency (CGE) and dissolved carbon conver-
sion (DCC). The results show that the two approaches are in a very good agree-
ment with the experimental results. Even for the complex biomass feedstocks such 
as wood and swine manure, and at high dry mass concentrations, the approaches 
predict reliable results that are in close agreements with experimental observa-
tions. However, the agreement in Figure 4.3 and Figure 4.4 is better than the Fig-
ure 4.1 and Figure 4.2. The reason for such a difference is due to the difference in 
the carbon gasification efficiency. Even though the global thermodynamic equilib-
rium seems to show still a good agreement with the experimental results in pre-
dicting the mole fraction of the gases, it should be noted that the absolute mole 
amount of these gases can be approximately twice as high as the experimental re-
sults as the global thermodynamic equilibrium approach predicts a full CGE.  

It can also be stated that the accuracy of the model significantly increases with 
the increase in the carbon gasification efficiency of the experiments. This is ex-
pected as the higher carbon gasification efficiency indicates that the system is clos-
er to its global thermodynamic equilibrium state. The effect of introducing the dis-
solved carbon efficiency into the model plays a role in predicting the liquid phase 
carbon containing compounds. Figure 4.5a and Figure 4.5b shows the comparison 
of two approaches and experimental results for the liquid phase organic products. 
Figure 4.5a shows the analysis on compound basis and Figure 4.5b shows the same 
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analysis based on the total number of carbon atoms of the compounds. The select-
ed organic compounds for the calculations were acetic acid, formic acid, phenol, 
acetaldehyde, ethanol, methanol, formaldehyde, lactic acid, glucose, oxalic acid. 
The results of Figure 4.5 show that the constrained equilibrium model is capable of 
predicting the organic compounds in the liquid phase quite well based on the total 
number of carbon atoms of the compounds. Unfortunately, slop07.dat database 
does not include all of the organic compounds that could be formed from the hy-
drothermal treatment of biomass such as furfural, guaiacol, 5-HMF, catechol, and 
naphthalene. However, it is being updated regularly and the results indicate that it 
has a great potential in predicting the liquid phase organic compounds. 

Approach I is more successful than approach II. There are two reasons for the 
better agreement of approach I; i) Peng-Robinson EoS with Van der Waals’ mixing 
rule is used for calculating the non-ideal properties behavior for the gases and ii) 
experiments based thermodynamic data is used for the calculation of Gibbs free 
energies of the gas phase compounds. In approach II, the activity coefficient model 
for calculating the non-ideal behavior of compounds incorporates some assump-
tions which may affect the non-ideal behavior and the thermodynamic data used 
for the calculation of the standard molal Gibbs free energies of the compounds are 
performed with a theoretical approach for which the details are given in the works 
of Helgeson et al. [170,183,184]. However, the relative difference is almost negligi-
ble at higher CGE and it performs even better for some cases (see Figure 4.4). If 
better activity coefficient models are developed for the neutral aqueous solutes 
(both for gas compounds and organic compounds) for hydrothermal conditions, 
approach II has the potential to replace the approach I, as it is physically more ac-
curate in treating the miscibility of compounds in supercritical water. Neverthe-
less, approach I has been selected for the testing of the other additional constraints 
due to its better agreement with the experimental results. 

4.3.2. Testing of additional constraints 

Figure 4.6 – Figure 4.8 show the performance of the prediction when additional 
constraints are used. In Figure 4.6, 3 different cases have been investigated. In Case 
1, only the carbon gasification efficiency has been taken into account as an addi-
tional constraint throughout the simulations. The reported experimental value for 
CGE is 0.673 [37]. In Case 2, in addition to CGE, hydrogen gasification efficiency 
and a constant amount for hydrogen have been taken into account. The reported 
experimental value for HGE is 0.913 and the mole amount of hydrogen is 2.63. In 
Case 3, instead of a constant amount of hydrogen, a constant amount of methane 
has been taken into account. The reported experimental value for the mole amount 
of methane is 0.71. In order to enable a comparison, the results of the global ther-
modynamic equilibrium (GTE) is also shown. 
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Figure 4.5: Comparison of the model predictions with the experimental results for 
the liquid phase organic compounds a) on compounds basis b) on compounds’ to-
tal number of carbon basis. The experimental conditions are the same as in Figure 
4.2. 
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Figure 4.6: Comparison of the model predictions with the results of supercritical 
water gasification of 0.6 M glucose at a pressure of 28 MPa and at a temperature of 
600 °C. Experimental data is taken from ref. [37]. Experiments have been conduct-
ed in a flow reactor at a residence time of 50s. Constraints for i) Case 1: CGE, ii) 
Case 2: CGE, HGE and constant amount of hydrogen, iii) Case 3: CGE, HGE and 
constant amount of methane. 

The results of the Cases 1 and 2 are not in a good agreement with the experi-
mental results. However, the predictions of Case 3 are in a very good agreement 
with the experimental results. It is expected to have a better agreement when more 
additional constraints are used. On the other hand, the model gives an insight into 
the reactions that take place inside the reactor. Based on the comparison of Case1 
and the experimental results, the decomposition of C2 and C3 gases to CH4 and H2 
as well as the formation of CO2 from CO via water gas shift reaction are expected 
when the residence time increases. Furthermore, the model predictions in Case 2 
and Case 3 imply –based on the constraints imposed– that methane formation is 
slower compared to the hydrogen formation which indicates that the methane re-
actions are rate limiting at 600 °C. Besides, the comparison of the three cases with 
the results of GTE shows that adding constraints results in a better prediction of 
the real systems. 

In Figure 4.7 and Figure 4.8, a more detailed comparison has been made with 
the kinetic analysis of xylose gasification in a micro-tubular reactor based on the 
work of Goodwin and Rorrer [47]. Similar to Figure 4.6, three different cases have 
been investigated. In Case 1, only the carbon gasification efficiency has been taken 
into account as an additional constraint throughout the simulations. In Case 2, in 
addition to CGE, a constant amount for hydrogen have been taken into account 
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based on the experimental results given in Figure 4.8. In Case 3, instead of a con-
stant amount of hydrogen, a constant amount of methane has been taken into ac-
count. In all of the results, Case 2 shows the best performance. It indicates that at 
that temperature interval, the behaviour of hydrogen strongly determines the 
amount of the other gases. As expected, the model predictions have a better 
agreement when the gasification efficiency is closer to 100%. Another interesting 
result shown in Figure 4.7 is the behavior of carbon monoxide. Lower residence 
times result in a decreased CGE value and higher carbon monoxide yields. How-
ever, at longer residence times, CGE increases and the yield of carbon monoxide 
decreases. This is an expected phenomenon as the higher CGE indicates that the 
system is closer to its global thermodynamic equilibrium state in which the CO 
concentration is negligibly low (see the GTE predictions of Figure 4.1 – Figure 4.4 
and Figure 4.6).  

It can be concluded from the constraints that were imposed and from the re-
sults that at lower temperatures (400 – 550 °C), the behavior of hydrogen deter-
mines the behavior of the other gas products. However, at higher temperatures 
(>550 °C), it is the methane behavior which determines the behavior of other gas 
products. The case 1 results of the Figure 4.6 and Figure 4.8 indicate that for non-
catalytic supercritical water gasification of biomass processes, the main reactions 
which determine the hydrogen and methane formation are not the water gas shift 
and methanation reactions in the gas phase, but the reactions which directly result 
in the gas formation from the feedstock and/or intermediates. The same results 
are also reported by Savage’s group [85,86] using a sensitivity analysis on the reac-
tion rates. It is also been reported in the literature that the rates of noncatalytic wa-
ter gas shift and methanation reactions in supercritical water are quite slow result-
ing only 5 % conversion even after several minutes [87–90]. The results of Figure 
4.6 – Figure 4.8 also indicate that the lower CGE of the experimental results require 
a higher the number of additional constraints for the model in order to have a 
good agreement between the experimental results. This is expected; as stated earli-
er, CGE is an indication for how far the system is away from global thermodynam-
ic equilibrium. The lower CGE indicates that the system is further away from its 
global thermodynamic equilibrium state, thus, more additional constraints are re-
quired to have an acceptable agreement with the experimental results. 

4.3.3. Algae case 

In order to make a comparison between the kinetic modeling approach and the 
constrained equilibrium approach, experimental results as well as the lumped ki-
netic modeling predictions of an algae sample (Nannochloropsis sp.) gasification in 
SCW [85] are compared with the predictions of the constrained equilibrium model. 
Here, the authors [85] developed a lumped kinetic model for the SCWG of an al-
gae sample based on 18 reactions and fitted the experimental results [95] to calcu-
late the Arrhenius parameters of the reaction rate constants, namely activation en-
ergy and the pre-exponential factor. 
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Figure 4.7: Comparison of the experimental results of Goodwin and Rorrer [47] 
and the model predictions for the gas composition for the SCW gasification of 4.0 
wt.% xylose at different temperatures. Experiments have been carried out at a 
pressure of 25 MPa in micro-tubular reactor. Constraints for i) Case 1: CGE, ii) 
Case 2: CGE and constant amount of hydrogen, iii) Case 3: CGE and constant 
amount of methane. 
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Figure 4.8: Comparison of the experimental results of Goodwin and Rorrer [47] 
and the model predictions for the H2 production for the SCW gasification of 4.0 
wt.% xylose at different temperatures. Experiments have been carried out at a 
pressure of 25 MPa in micro-tubular reactor. Constraints for i) Case 1: CGE, ii) 
Case 2: CGE and constant amount of hydrogen, iii) Case 3: CGE and constant 
amount of methane. 

To test the constrained equilibrium model, first, the experimental results for the 
behaviour of gases are fit to simple CGE and temperature dependent functions (as 
proposed in Eqs. 4.5 and 4.6) using Curve Fitting and Surface Fitting toolbox of 
MATLAB software. Second, using the fitted functions, two cases have been inves-
tigated: for the Case 1; CGE, H2, CH4 and CO2 amounts have been selected as the 
additional constraints and for the Case 2; CGE, H2, CO2 and C2H6 amounts have 
been selected as the additional constraints. The reason for the selection of 4 addi-
tional constraints was the quite low CGE of the experimental results (as low as 12 
%) which indicates that the system is relatively far away from its global thermo-
dynamic equilibrium state. The parameters for the aforementioned fitted functions 
as well as the R2 values are given in Table 4.1. 
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Table 4.1: Fitted functions and the parameters for the algae case based on the ex-
perimental results given in Guan et al. [85].   

Fitted function Fitting parameters R2 

a b c 

H2/CH4* 116.02 100124.11 -899.51 0.93 
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**: ln( ) /a T CGE b T CGE c      where T is in Kelvin. 

Figure 4.9 shows the comparison between the experimental results and the ki-
netic modeling approach given in the work of Guan et al. [85] and the constrained 
equilibrium results. The results show that the predictions of the constrained equi-
librium approach show a better agreement with the experimental results than the 
kinetic modeling approach predictions of the authors [85]. Case 1 predictions are 
in a slightly better agreement with the experimental results than Case 2 predic-
tions. This is due to the selection of CH4 as an additional constraint in Case 1 com-
pared to C2H6 in Case 2 as CH4 is a more dominant gas product compared to C2H6 
in SCWG of biomass process. Due to the success of Case 1, the results at other 
temperatures are given only for Case 1. It can be stated that the predictions of Case 
1 for all of the process conditions have a very good agreement with the experi-
mental results within the ± 10% interval of the experimental results.     
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Figure 4.9: Comparison between the experimental results and the kinetic modeling approach given by the Guan et al. [85] and 
the constrained equilibrium results for an algae sample (Nannochloropsis sp.) gasification in SCW. The experiments have been 
conducted in a stainless steel mini-batch reactor [95] at a water density of 0.087 g·cm-3. The dry mass concentration of the algae 
is 4.7 wt. % [85]. Constraints for i) Case 1: CGE, H2, CH4 and CO2 ii) Case 2: CGE, H2, CO2 and C2H6. 
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Compared to the 18 reaction based lumped kinetic model, constrained equilib-
rium model does not require any knowledge on the reactions. Yet, even at CGEs as 
low as 12 %, constrained equilibrium model for Case 1 resulted in a better agree-
ment with only 4 additional constraints, namely CGE, CH4, CO2 and H2, which 
were based on simple functions. Besides, even without any constraints on C2H6 
and CO (or CH4 and CO for Case 2) the amounts of these compounds were pre-
dicted accurately as the reactions are taken into account concurrently in con-
strained equilibrium model. 

The model also predicts the behavior of nitrogen containing gases: global ther-
modynamic equilibrium predictions result in mainly N2 as the nitrogen containing 
gas. However, it is known that the amino acids releases the nitrogen content in the 
form of NH3 gas and amine compounds. The predictions of the constrained equi-
librium model are in agreement with the experimental results with respect to ni-
trogen containing species: the model predicts NH3 as the main nitrogen containing 
gas and also amine compounds such as ethylamine and methylamine in the liquid 
phase. The model predicts almost no N2 formation which is also in agreement with 
the experimental results of Guan et al. [95]. Furthermore, constrained equilibrium 
model also predicts tar compounds and ethylbenzene in the liquid phase as well as 
char formation which these compounds were also reported by the authors [95] in 
their experimental study. The selected compounds for the simulations and the re-
sults of the nitrogen compounds as well as the liquid phase compounds of some 
selected cases are given in Appendix B. 

4.4. DISCUSSION 

Additional constraints in Gibbs free energy minimization approach have been 
formulated in order to test the constrained equilibrium method for SCWG of bio-
mass systems. The method is a promising technique to be used in the modeling of 
SCWG of biomass systems and similar conclusions with Kangas et al. [213] can be 
stated: i) the increase in the number of the additional constraints increases the ac-
curacy of the model, ii) it requires less experimental data compared to the kinetic 
modeling approach, iii) different process dependent constraints may be required 
in different processes and iv) chemical reactions, enthalpy of the products and 
states of the system can be estimated concurrently. 

One big drawback of the constrained equilibrium model could be stated as the 
requirement of the process specific experimental data. However, experimental da-
ta is required to build any kind of model that predicts the multi-component chem-
ical reacting mixtures: in kinetic modeling, one needs to experimentally investigate 
the reaction pathways and the rate constant parameters or use the available litera-
ture data, and in equilibrium modeling one needs to use the experimentally de-
termined thermo-physical properties of the compounds. On the other hand, the 
constrained equilibrium method can benefit from both of these two fundamental 
approaches. Any kind of time and/or temperature dependent function can be in-
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troduced as an additional constraint in Gibbs free energy minimization method as 
Kangas et al. [213,214] have successfully applied for a conventional biomass gasifi-
cation system and as we have tested in Section 3.3. Adding more constraints is 
similar to adding more reactions in a kinetic model or adding more parameters to 
a data fit regression. However, the constrained equilibrium method requires sig-
nificantly less experimental data –of a relatively simply to measure nature- com-
pared to the kinetic approach: knowing the CGE and the amount of CH4 and/or 
H2 (based on the process conditions) would be enough to determine the behaviour 
of other gases –and even the intermediates to some extent if the CGE is higher than 
60 %. One more additional constraint may be required for systems which have 
CGEs as low as 10 %. However, in order to build a kinetic model, one would need 
the behaviour of every gas phase compound as well as the possible reaction mech-
anisms that could lead the formation/consumption of these compounds. 

The concept of the model enables to extension of the number of additional con-
straints used in the minimization procedure. If the nature of the chemical reactions 
occurring in SCWG of specific biomass types for specific type of reactor concepts is 
better known in the future, the additional constraints can be optimized for these 
systems. Possible additional constraints could be the tar conversion efficiency, to-
tal amount of C/H bonds in each phase, the amount of C2-C3 gases and nitrogen 
to ammonia conversion efficiency. 

The use of constrained equilibrium model may not seem to satisfy the needs to 
predict the behavior of a system other than the operating conditions, however, it 
still has significant advantages. The most beneficial use of the constrained equilib-
rium method in SCWG of biomass systems would be predicting the behaviour of 
inorganic elements. So far, the behaviour of inorganic content of the biomass in 
SCWG systems was investigated only with the unconstrained equilibrium model-
ing approaches [79] which assume a global thermodynamic equilibrium (see 
Chapter 3 as well). However, from the results of the tested cases shown in Figure 
4.6 – Figure 4.9, it can be concluded that the more additional constraints are used 
in model the more process results can be accurately predicted. Therefore, for a sys-
tem which is not in its global thermodynamic equilibrium state, one may also pre-
dict the behavior of the inorganic content of the biomass conversion process on a 
compound and phase basis: the results of a SCWG of biomass process (either from 
complex kinetic modeling approaches or from experimental data) such as CGE 
and the amounts of the formed gases and intermediates can be introduced as addi-
tional physical constraints in Gibbs free energy minimization for a multi-phase 
thermodynamic equilibrium model.  

4.5. CONCLUSIONS 

Determination of additional constraints in Gibbs free energy minimization and 
testing the constrained equilibrium method for the modeling of supercritical water 
gasification of biomass have been investigated in this chapter. The model benefits 
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from the natural phenomenon that every closed system will decrease its Gibbs free 
energy throughout the time domain. Two different approaches have been tested. 
Like the kinetic approach and RCCE method, the constrained equilibrium method 
benefits from the experimental results and may require process dependent values 
as additional constraints. The predictions of the model indicate that the con-
strained equilibrium method requires fewer experimental results compared to ki-
netic modeling approach and shows good performance for both real biomass and 
model biomass compounds as well as for catalytic and noncatalytic conditions. 
The results also indicate that carbon gasification efficiency appears to be the most 
important additional constraint. The accuracy of the model increases with an in-
crease in the carbon gasification efficiency as the system gets closer to its global 
thermodynamic equilibrium state. Setting a constrained amount for a specific 
compound (either in the form of a constant or a linear/non-linear time dependent 
function) as another constraint improves the accuracy of the model as the reactions 
are taken into account concurrently. The model not only predicts the gas formation 
behaviour, but also gives an insight for the process and the reactions taking place 
inside the reactor.  
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5. EXPERIMENTAL METHODS  

 

This chapter describes the experimental setup, experimental methods and analytical 
techniques that were used throughout the experimental campaign of this dissertation. Be-
sides, the relevant equations which were used to calculate residence time and velocity pro-
files along different process units are also given. 

The experimental setup used for the experimental campaign of this dissertation was de-
signed with and manufactured by the project partner company, Gensos B.V. The setup has 
a capacity of 50 l/h and was designed to reflect a real industrial scale which has not only 
the reaction unit but also the thermal integration, heating and phase separation units. The 
experiences gained from the experimental setup has also provided valuable information for 
scaling up such a SCWG of biomass process to industrial scales. 
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5.1. MATERIALS 

To test the performance of the setup, starch was selected as it is relatively a 
simple biomass compound. To make starch representative of a real biomass feed-
stock, the setup was run with salt solutions as well. Wheat starch (purchased from 
Tereos Syral, France), demi-water, NaCl (Sigma-Aldrich, 99%), K2CO3 (Sigma-
Aldrich, 99%) and ethanol (Richter Chemie GmbH, Germany, commercial grade 
bioethanol 100 %) were used in the experiments.  

5.2. EXPERIMENTAL SETUP AND PROCEDURE 

The experimental setup consists of a feeding section, a pre-heating section, a 
heating section, a reactor and a gas/liquid separator. The setup is fully controlled 
with a PLC unit. The process flow diagram of the experimental setup is given in 
Figure 5.1. 

The feeding section consists of a high pressure pump (displacement type, man-
ufactured by Cat Pumps, model 5CP3120), a demi-water tank and a biomass slurry 
tank which has an in-house design mixer in order to ensure a homogeneous con-
centration in the feed. The total flow rate of the feeding section can reach up to 50 
l/h and the actual mass flow rate is calculated with a weighing scale that is located 
below the biomass slurry tank. 

The pre-heating section consists of a double pipe heat exchanger. It is a coun-
ter-current flow heat exchanger in which the inner flow is the cold stream (the feed 
stream) and the outer flow is the hot stream (the reactor exit –the return– stream). 
It is constructed from stainless steel with a total length of 55 meters. Here, the feed 
stream is pre-heated while the stream that leaves reactor is cooled down to ambi-
ent temperatures. Once in every 5 meters, thermocouples (K type) are located at 
the outer wall of the inner and outer tubes of the heat exchanger in order to ob-
serve the temperature profile along the heat-exchanger. 

The heating section consists of a burner and a gas to fluid type of heat ex-
changer. The total length of the heater is 4 meters and it is made of stainless steel. 
Here, the feed stream is heated up to the desired reactor temperatures using an ex-
ternal gas supply (propane) as the fuel. 

The reactor is a fluidized bed type of reactor of which the bed material (aver-
age particle diameter of 0.5 mm) and the reactor are made of SS 316. It has an outer 
diameter of 25 mm with a wall thickness of 4 mm. The total length of the reactor is 
1.1 m. The reactor has 3 sampling points which are located at 25 cm distance from 
each other. Every sampling point has a SwagelokTM filter to collect solid samples of 
which the filter size is 0.5 μm. The sampling points are then connected with expan-
sion valves and a sampling gas/liquid separator which operates at ambient condi-
tions. The reason to have 3 sampling points along the reactor is to enable observ-
ing the influence of reactor length and the cooling residence time along the pre-
heating section on the conversion efficiency. The reactor is coupled with 10 electri-
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cal wall heaters (capacity of 0.4 kW each) in case higher reactor temperatures are 
needed. 
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Figure 5.1: The process flow diagram of the experimental setup. 

The gas/liquid separator operates at ambient pressure and separates gas and 
liquid fraction of the depressurized and cooled fluid stream. 

The volumetric gas production rate and the mass flow rate of the liquid efflu-
ent are calculated with a displacement type of a gas volume meter and a scale that 
is located below the liquid effluent tank, respectively. 
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Before every experiment, first demi-water was pumped into the setup with a 
desired pressure (~ 24 MPa) to clean and heat up the setup. The pressure was ad-
justed with the back pressure valve which was located before the gas/liquid sepa-
rator. Once the desired reactor temperature was reached, the feedstock was 
switched to model biomass feedstock of which the dry matter concentration is 
known. The change in the scale indication of the feed tank and the gas volume me-
ter over time were noted. Once the gas production rate reached a constant value, it 
was assumed that the steady state was reached. Generally it took an hour to reach 
the steady state. Then, for a period of another hour, the gas products were filled in 
a gas sampling bag and then were analyzed via a micro GC.  

At the end of each experiment, the setup is cleaned up with demi-water at su-
percritical temperatures and then with ethanol at ambient conditions for several 
hours.  

5.3. ANALYTICAL METHODS 

5.3.1. Analysis of the materials 

Wheat starch was analyzed for its water content and elemental analysis. Water 
content was analyzed with a thermogravimetric analyzer (Thermal Advantage 
SDT Q600) and the elemental analysis for the organic content were performed by 
Università degli Studi di L’Aquila, Italy.  The analysis results of wheat starch giv-
en in Table 5.1. 

 

Table 5.1: The analysis results of starch. 

 unit Starch 

moisture wt. % ara 11.4 

ash content wt. % dbb - 

C wt. % db 39.67 

H wt. % db 6.83 

O* wt. % db 52.45 

N wt. % db - 

S wt. % db 1.05 

volatile matter wt. % db 85.2 

fixed carbon wt. % db 14.8 

a: ar: as received, b: db: dry basis, *: by difference 

5.3.2. Analysis of the gas products 

Analyses of the gas products were performed using a gas chromatograph (Var-
ian Micro-GC CP-4900, column 1: 1m CP COX and column 2: 4m CP-Sil 5 CB). The 
remaining unanalysed percentage from the first column are assumed as a mixture 
of C2 – C3 gases in this dissertation. 
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5.4. RESIDENCE TIME AND VELOCITY PROFILE CALCULATIONS 

It is quite important from reaction kinetics, heat transfer and hydrodynamics 
point of view to determine residence time and velocity profile of each process unit.  

The residence time (τ) can be calculated by means of equation 5.1. as 

.
V

V

          (5.1) 

where V is the internal volume of the process unit (heat exchanger, heater or reac-

tor) and 
.

V is the volumetric flow rate of the feed. The volume of the process unit 

in equation 5.1 can be rewritten in terms of length (L) and cross-sectional area (A) 
of the process unit, and the volumetric flow rate can be rewritten in terms of mass 

flow rate  (
.
m )  and density (ρ) of feed. Equation 5.1 then becomes 

.
AL

m


          (5.2) 

Taking into account the fact that the density of the feed stream will change 
throughout the length of the process unit due to the change of the temperature 
profile, the equation 5.2 will be as follows 

0

.

L
A

dL

m

           (5.3) 

where the density (ρ) of the feed stream is a function of the process unit length 
(L) as a result of the temperature profile along the length of the process unit.  

Similar to the residence time, average velocity (u) of the fluid can be written in 
terms of mass flowrate and density as 

.
m

u
A




        (5.4) 

As the reactor is a fluidized bed reactor, it is important to mention the mini-
mum fluidization and terminal velocity concepts for the reactor. Matsumura and 
Minowa [5] were the first researchers who gave the fundamental design ap-
proaches for the fluidization for a supercritical water gasification of biomass reac-
tor. Here, the authors express the minimum fluidization velocity as: 

Remf

mf

p f

u
D





       (5.5) 

where Dp refers to the diameter of the bed particle (which is 0.5 mm for the ex-
periments performed throughout this dissertation), ρf refers to density of the fluid 
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(which is assumed as water in this dissertation) and Remf refers to the Reynolds 
number at minimum fluidization conditions and given as 

2 1/2Re [(33.7) 0.0408 ] ) 33.7mf Ar       (5.6) 

where Ar is the Archimedes number and expressed as 
3

2

( )p f p fD g
Ar

  



      (5.7) 

where ρp refers to the density of the particle, g refers to the gravitational accel-
eration and μ refers to viscosity of the fluid. 

The terminal velocity can be calculated using equation 5.8 as 
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The authors [5] also define the discrimination number, Dn, as  

( )( )
Re

p f

mf f

Ar
Dn

 



      (5.9) 

in order to define the fluidization type. A discrimination number lower than 104 
results a particulate bed and a discrimination number higher than 106 results in a 
bubbling bed. If the discrimination number is between 104 and 106, the fluidization 
starts as a homogeneous (particulate) bed and shifts to bubbling bed when the first 
bubbling takes place [5]. 

Throughout this dissertation, the measured wall temperatures were assumed 
as the fluid’s temperature inside the heat exchanger and heater, and for the reac-
tor, the fluid’s measured temperature from the top of the reactor was used. The 
thermophysical properties of water at corresponding temperatures and pressures 
have been assumed for the fluid’s thermophysical properties which the data are 
acquired from NIST database [12]. Superficial velocities are assumed for the actual 
velocity of the fluid for the calculation of the residence time of the reactor. In addi-
tion, linear temperature profiles are assumed for the heater and reactor as only the 
inlet and outlet temperatures are measured experimentally. 
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6. EXPERIMENTAL RESULTS 

 

This chapter reports the results obtained from the preliminary experiments with starch 
gasification in supercritical water. The influence of reactor temperature and feed flow rate 
on gas composition were investigated. The results not only include the conversion efficien-
cy and gas composition, but also the temperature profile along different process units and 
velocity profile along the reactor. In addition, the experiences that were gained and chal-
lenges that were come across during performing experiments are also reported. 
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6.1. INTRODUCTION 

Even though there had been various works [75,77,92–94,97,98,100,141,216,217] 
on the continuous supercritical water gasification of biomass compounds, there are 
only few works which involve high feed flow rates (> 20 kg/h) [77,146,147] or flu-
idized bed reactors [98,161,162]. Operating at high flow rates gives the opportunity 
to observe process challenges similar to industrial scales and fluidized bed reactors 
have the potential to overcome plugging problems that might happen due to the 
mineral precipitation under supercritical conditions [5], and clogging free experi-
ments were already achieved by some researchers [161] using a fluidized bed reac-
tor. In this chapter, experimental results are reported for the supercritical water 
gasification of starch in a fluidized bed reactor at high flow rates. 

6.2. RESULTS AND DISCUSSIONS 

6.2.1. The influence of reactor temperature 

The influence of  SCWG reactor temperatures on the gas composition, carbon 
gasification efficiency (CGE) and gasification efficiency (GE) is given in Figure 6.1 
for a 4.4 wt. % starch gasification in supercritical water at a pressure of ~ 24 MPa 
and at a flow rate of 35 kg/h. The definition of CGE is given in Equation 4.1, 
whereas GE refers to the ratio of total mass flow rate of the produced gases to the 
mass flow rate of the organic feed in dry basis. 

 

Figure 6.1: The influence of reactor temperature on gas composition, gasification 
efficiency and carbon gasification efficiency results for a 4.4 wt. % starch gasifica-
tion in supercritical water. The feed flow rate is 35 kg/h and the pressure is ~ 24 
MPa. 

It can be seen from Figure 6.1 that the increase in reactor temperature increases 
CGE and GE, as expected. However, the gas composition results follow a more 
complex trend: the fraction CO2 and C2 – C3 gases decrease with the increase in re-
actor temperature, whereas CH4 and H2 slightly increase. CO has a different be-
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havior: the concentration increased from 500 °C to 550 °C and then slightly de-
creases at 600 °C. Lee et al. [37] also found in their glucose experiments that the CO 
composition increased from 510 °C to 550 °C and then slightly decreased with the 
increase in temperature till 600 °C. The authors [37] state that some of the glucose 
carbon might be directly converted to CO via a kind of pyrolysis reaction. Howev-
er, Chuntanapum and Matsumura [44] propose that the gas formation from glu-
cose takes place via intermediates, not directly from glucose. Another interesting 
result that can be seen from Figure 6.1 is that the dominant gases are CO and CO2. 
Similar trends in gas composition and conversion behavior were also reported by 
other researchers [37,216] at low temperatures and/or at low residence times. 
These phenomena cannot be just explained with the reactor temperature behavior, 
as the heating profile of the feed also influences the gas composition behavior and 
conversion efficiency. The heating profile of the heat exchanger, heater and reactor 
with their residence time are given in Figure 6.2. Another reason for the high con-
centration of CO, might be due to a relatively slow rate of the water gas shift reac-
tion at low temperatures (< 500 °C).  Sato et al. [89] show that the water gas shift 
reaction can be so slow at temperatures lower than 500 °C that the reaction is al-
most not taking place at all. As it can be seen from Figure 6.2, the fluid spends less 
than 5 seconds at temperatures higher than 500 °C and several minutes at tempera-
tures lower than 500 °C for all of the cases. The temperature profile and the resi-
dence time of the fluid at temperatures lower than 500 °C are the main reason for 
the high CO composition: i) the direct gasification of CO from glucose intermedi-
ates via hydro-pyrolysis reactions and ii) lack of water gas shift reaction. It can be 
concluded that the formed CO from glucose intermediates via direct pyrolysis re-
actions at temperatures lower than 500 °C did not have sufficient residence time to 
be converted to H2 via the water gas shift reaction. 

Another interesting result that can be interpreted from Figure 6.2 is how the 
temperature profile shifts in the heat exchanger with a change in the reactor tem-
perature. The higher reactor temperatures causes the fluid to reach 350 °C at short-
er residence times for which the fast heating profile during the pre-heating section 
is known to be in favor of preventing coke and tar formation [143,145]. This could 
be another reason for having improved conversion efficiencies at higher reactor 
temperatures. 

Figure 6.3 shows the velocity profile of the fluid in the reactor along with the 
terminal velocity, minimum fluidization velocity and discrimination number. For 
all of the cases, the superficial velocity of the fluid stays in between the minimum 
fluidization velocity and the terminal velocity which implies that the fluidization 
took place. From the discrimination number, it can be concluded that first the flu-
idization started as a homogeneous bed and then changed to stable bubbling when 
the bubbling started. 
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Figure 6.2: Temperature profile and residence time in heat exchanger, heater and 
reactor for a 4.4 wt. % starch gasification in supercritical water at different reactor 
temperatures. The feed flow rate is 35 kg/h and the pressure is ~24 MPa. 
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Figure 6.3: The influence of SCWG reactor temperature on velocity profiles along the reactor for a 4.4 wt. % starch gasifica-
tion in supercritical water. The feed flow rate is 35 kg/h and the pressure is ~ 24 MPa. 
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6.2.2. The influence of feed flow rate 

In order to observe the influence of residence time on gas compositions and 
conversion efficiencies, the flow rate of the feed was decreased to 24.5 kg/h. Fig-
ure 6.4 shows the influence of feed flow rate on gas composition and conversion 
efficiency. 

 

Figure 6.4: The influence of feed flow rate on gas composition, gasification effi-
ciency and carbon gasification efficiency results for a 4.4 wt. % starch gasification 
in supercritical water. The reactor temperature is 600 °C and the pressure is ~ 24 
MPa. 

The results given in Figure 6.4 show that with the decrease of the feed flow rate 
from 35 kg/h to 24.5 kg/h, a relative 56 % of increase results in CGE and GE: from 
47.4 % to 73.9 % for CGE and from 46.6 to 72.9 % for GE. Similarly, gas composi-
tions significantly change as well: H2, CH4 and CO2 concentration increase with the 
decrease of feed flow rate, whereas CO concentration significantly decreases. The 
reason for these drastic changes is due to the change of residence time along the 
heater and reactor. Figure 6.5 shows the influence of feed flow rate on the obtained 
temperature profile and residence time along heat exchanger, heater and reactor. 
The fluid’s residence time at temperatures higher than 500 °C is 60 % higher when 
the flow rate is decreased from 35 kg/h to 24.5 kg/h. This longer residence time at 
temperatures higher than 500 °C not only enhances the gasification reactions of 
glucose intermediates but also the water gas shift reaction is expected to result in 
higher H2 and lower CO concentrations. With the change in the feed flow rate, the 
temperature profile in the heat exchanger also changed: the lower flow rate result-
ed in longer residence time along the heat exchanger which in return decreased 
the heating rate of the fluid during pre-heating section.  

However, a more detailed analysis of the heating rate shows another advantage 
of having a 24.5 kg/h feed flow rate: even though the heating rate of 24.5 kg/h is 
lower than of 35 kg/h for the temperature region of 25 °C – 350 °C, the heating rate 
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for 24.5 kg/h is higher than of 35 kg/h for the temperature region of 350 °C – 375 
°C. The latter temperature region is known to be a favorable temperature region 
for the hydrothermal liquefaction of biomass [218]. The influence of feed flow rate 
on the heating rates along the heat exchanger for different temperature regions is 
given in Table 6.1.  

It can be concluded that with 24.5 kg/h feed flow rate, not only the residence 
time at temperatures higher than 500 °C increases, but also –due to the tempera-
ture profile along the heat exchanger– the fluid spends less residence time at tem-
peratures between 350 °C and 375 °C so that less bio-oil production at that temper-
ature range takes place. 

 

Figure 6.5: Temperature profile and residence time in heat exchanger, heater and 
reactor for a 4.4 wt. % starch gasification in supercritical water at different flow 
rates. The reactor temperature is 600 °C and the pressure is ~24 MPa. 
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Table 6.1: The influence of feed flow rate on the heating rates along the heat ex-
changer for different temperature regions. 

Feed flow rate (kg/h) Heating rate 

(°C/s) 

25 °C – 350 °C 350 °C – 375 °C 

35 4.85 0.35 

24.5 2 0.4 

 

Figure 6.6 shows the influence of feed flow rate on velocity profiles along the 
reactor. Due to the decrease of the feed flow rate, the superficial velocity decrease, 
however, it is still higher than the minimum fluidization velocity and enabling the 
fluidization. 

 

 

Figure 6.6: The influence of feed flow rate on velocity profiles along the reactor for 
a 4.4 wt. % starch gasification in supercritical water. The reactor temperature is 600 
°C and the pressure is ~ 24 MPa. 

In addition to 24.5 kg/h and 35 kg/h, the feed flow rates of 11 kg/h and 45 
kg/h were also tested. However, the experiments failed which the reasons are ex-
plained in the next section. 
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Throughout the experimental campaign of this dissertation, various experi-
mental challenges were observed.  

To observe the influence of feed flow rate on CGE and GE at different condi-
tions, feed flow rates of 11 kg/h and 45 kg/h were also tested. However, both ex-
periments failed. The experiments performed at 11 kg/h did not reach the steady 
state. The reactor temperature and gas production rate showed significant fluctua-
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tions throughout the run time of experiments. The temperature and gas produc-
tion rate over a run time of 250 minutes are given in Figure 6.7. It can be stated that 
the reactor temperature fluctuated between 462 °C and 514 °C. On the other hand, 
the gas production rate fluctuated between 0.03 m3/h and 0.09 m3/h which result-
ed in an average GE of 10 %. 

 
Figure 6.7: The temperature and gas production rate over a run time of 250 
minutes for a 4.4 wt. % starch gasification in supercritical water at a flow rate of 11 
kg/h. The reactor set temperature was 500 °C and the pressure is ~ 23.5 MPa. 

The reason behind the fluctuation and failing to reach the steady state can be 
explained by the low feed flow rates and how it influenced the fluidization inside 
the reactor. Figure 6.8 shows the velocity profiles along the reactor for a 4.4 wt. % 
starch gasification in supercritical water at a flow rate of 11 kg/h.  

 
Figure 6.8: The velocity profiles along the reactor for a 4.4 wt. % starch gasification 
in supercritical water at a flow rate of 11 kg/h at a pressure of 23.5 MPa. 
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The results show that at a feed flow rate of 11 kg/h, the calculated superficial 
velocity is barely higher than the calculated minimum fluidization velocity which, 
in reality, might have resulted in the lack of fluidization inside the reactor. The 
lack of fluidization results in poor mixing inside the reactor which also decreases 
the heat and mass transfer as it is known that the fluidization significantly increas-
es the heat and mass transfer inside the reactor [219]. The decrease in heat transfer 
might have caused the fluctuations in reactor temperature and gas production 
rate. In addition, the decrease in mass transfer might have caused the low GE even 
the residence time was significantly higher than of the 500 °C experiment at 35 
kg/h. 

After observing the temperature fluctuations and low gas production rate at 11 
kg/h feed flow rate, an experiment at 45 kg/h at a temperature of 600 °C was also 
performed. The setup ran without any plugging problem for several hours. Due to 
higher feed flow rate at a higher reactor temperature, a higher gas production rate 
was also visually observed. However, the gas/liquid separator did not operate as 
expected: the high gas production rate ended up building pressure inside the 
gas/liquid separator and some of the produced gases left the gas/liquid separator 
with the liquid effluent. Therefore, the exact gas production rate was not quanti-
fied. The poor separation of the produced gases from the liquid effluent is most 
likely due to the design of the gas/liquid separator itself: i) the volume of the 
gas/liquid separator was not sufficient and/or ii) the cross sectional area of the 
tube from which the produced gases are leaving the gas/liquid separator was not 
sufficient. 

During the experiments, small amounts of char and oil formation were ob-
served in the liquid effluent. However, the amounts were not quantified. 

To observe the influence of salts on CGE, GE and gas composition, another ex-
periment was performed with a 4.4 wt. % starch + 0.5 wt. % NaCl + 0.5 wt. % 
K2CO3 solution at a feed flow rate of 24.5 kg/h and at a reactor temperature of 600 
°C. The setup ran without any plugging or clogging problem for 2 hours. Howev-
er, after the second hour of the run, the pressure of the setup started increasing 
drastically: more than 4 MPa in less than 10 minutes. The pressure of the system 
was lowered by opening the back pressure valve. The rapid increase of the pres-
sure of the setup can be explained by the salt precipitation phenomenon under su-
percritical conditions: the dissolved salts started precipitating when the fluid tem-
perature reached supercritical conditions, but could not find sufficient residence 
time to be dissolved again inside the heat exchanger during the cooling period and 
clogged the back pressure valve causing an increase in the pressure. It can be stat-
ed that the clogging due to the salt precipitation took place during the cooling of 
the fluid inside the heat exchanger as the pressure increased simultaneously both 
after the pump and before the back pressure valve. The pressure before the back 
pressure valve over the experiment run time is given in Figure 6.9. 
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It seems that the back pressure valve is a crucial process instrument in order to 
keep the pressure of the system at supercritical conditions. However, clogging of it 
causes problems to keep the pressure of the system at desired values. Not only the 
precipitated salts, but also the char that is formed during the pre-heating section 
are the main problems for the dysfunctioning of the back pressure valve. When the 
back pressure valve was dismantled for investigations, some amounts of char was 
found inside of it. To overcome the clogging of the back pressure valve, a filter can 
be placed before the back pressure valve in order to collect precipitated salts as 
well as the formed char. 

 
Figure 6.9: The change of pressure before the back pressure valve over the experi-
ment run time for a 4.4 wt. % starch + 0.5 wt. % NaCl + 0.5 wt. % K2CO3 solution at 
a feed flow rate of 24.5 kg/h. The reactor temperature was 600 °C. 

6.4. CONCLUSIONS 

The performance of a newly constructed experimental setup which incorpo-
rated a fluidized bed reactor was tested under different process conditions with a 
4.4 wt. % starch solution. The results show that the increase in reactor temperature 
results in higher CGE and GE values. This is an expected phenomena as the reac-
tion rates increase with an increase of temperature. However, the relation between 
the reactor temperature and the gasification yield is also affected by the change of 
the temperature profile along the heat exchanger. Feed flow rate results in a more 
complex behavior: even though a low feed flow rate results in higher gasification 
efficiency due to a higher residence time, a too low feed flow rate causes a lack of 
fluidization inside the reactor resulting in a very low gasification efficiency. A flu-
idized bed reactor not only has the potential to overcome possible plugging prob-
lems, but also increases heat and mass transfer. A particle filter before the back 
pressure valve is required to prevent the clogging of back pressure valve from pre-
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cipitated solids and formed char. In order to achieve higher gasification efficien-
cies, higher residence times as well as higher reactor temperatures are needed. The 
influence of reactor temperatures and higher residence times are discussed with 
the kinetic model developed in the next chapter. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



 

121 

 

7. PROCESS MODELING ANALYSIS OF SUPER-

CRITICAL WATER GASIFICATION OF BIOMASS 

 

In this chapter, process modeling analysis of a SCWG of a biomass plant has been per-
formed in order to investigate the energy efficiency of the process and the performance of 
the process equipment.  

This chapter is composed of two sub-chapters: in the first sub-chapter, the product com-
pounds at the exit of the pre-heater and the reactor were predicted using constrained equi-
librium (described in Chapter 4) and global thermodynamic equilibrium (described in Sec-
tion “3.2. Development of a Thermodynamic Model for the Predictions of Products at 
Equilibrium State”) methods, respectively. In the second sub-chapter, kinetic modeling ap-
proach involving 55 reactions for the pre-heater and 74 reactions for the reactor has been 
used. 
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Res. 54 (21) (2015) 5550–5562. doi:10.1021/acs.iecr.5b00942. 
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7.1. PROCESS MODELING ANALYSIS OF A SCWG OF A MICROALGAE PLANT 

7.1.1. Introduction 

To obtain an insight in the whole process performance such as the thermal effi-
ciency and the composition of each stream in the whole process, one needs to 
model the other process equipment of such a SCWG of biomass process. Feng et al. 
[129] were the first researchers who have investigated the phase behavior and 
phase equilibria in the reactor and gas/liquid separators. Besides, an optimized 
heat exchange network has been designed and exergy analysis has been per-
formed. New studies have followed the work of Feng et al. [129] in the last decade: 
Luterbacher et al. [130] have performed process simulations and life cycle assess-
ment (LCA) for synthetic natural gas (SNG) production using wood and manure 
as possible feedstocks, and Gassner et al. [28,131] have performed optimization 
studies for a process design which targets the polygeneration of SNG, power and 
heat from different biomass sources, varying from a typical lignocellulosic material 
(modeled as CH1.35O0.63) to manure and sewage sludge. Detailed analysis for the 
performance of such a SCWG of biomass plant have been performed using As-
penPlusTM software by other researchers. Gutiérrez Ortiz et al. [132], Fiori et al. 
[133], Withag et al. [134] and Louw et al. [220] have investigated the energetic per-
formance of the plant and the behavior of the gases in the reactor and separators 
for different types of feedstocks varying from glycerol to sewage sludge. 

However, none of the aforementioned process modeling works include the 
presence of inorganic content of the biomass and the possible effects on the gas 
composition behavior in the reactor and separator as well as the thermal efficiency 
of the process. Also, an indication on how the inorganic content of the biomass 
will behave throughout the different equipment of the process is needed to deter-
mine the possible pathways for the recovery of them as byproducts or fertilizers.  

This study therefore aims to investigate the energetic behavior as well as the 
behavior of formed compounds in all reaction and separation processes of a 
SCWG plant, taking into account the inorganic content of the biomass. The bio-
mass feedstock was chosen as microalgae. Different process conditions including 
varying inorganic content have been studied. In addition, the behavior of inorgan-
ic elements in different process equipment by means of phase partitioning and 
compound formation has also been investigated. Throughout this sub-chapter, the 
enthalpy of the biomass slurry has been calculated by the constrained equilibrium 
model described in Chapter 4 and the reactor has been modeled by the multiphase 
thermodynamic equilibrium model described in Section “3.2. Development of a 
Thermodynamic Model for the Predictions of Products at Equilibrium State”. The 
gas/liquid separators have been modeled using OLI Analyzer Studio 9.1 which 
can perform phase behaviour calculations for highly concentrated complex aque-
ous systems (ionic strengths up to 30) up to 300 °C and 152 MPa [221]. The furnace 
has been modeled using Aspen Plus 7.3.  
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7.1.2. Methodology 

Conceptual Process Design and Feedstock: The conceptual process design 
given in Figure 7.1 is based on the designs of Feng et al. [129] and the process 
demonstration unit (PDU) which was built by Biomass Technology Group (BTG) 
for University of Twente [73]. 

In the conceptual process design, biomass slurry is first pumped to the desired 
reactor pressure and then heated up in Heat Exchanger-1 (HX-1). The heated 
stream then enters the externally heated reactor which operates at desired temper-
ature and pressure. The exit stream of the reactor is first cooled down in HX-1 to 
preheat the inlet feed and further cooled down in Heat Exchanger-2 (HX-2) to the 
operating temperature of the high pressure (HP) gas/liquid separator. The gas 
fraction (stream 7) is then depressurized to the operating pressure of HP mem-
brane in which the separation of H2S and CO2 from CH4, H2, CO and H2O takes 
place. The HP combustible gases (stream 11) stream is further split into two 
streams one of which (stream 15) is first depressurized and fed to the furnace to 
generate sufficient heat required for the reactor. The other stream of the splitter 
(stream 16) is the final product gases which can be fed to the gas network or be uti-
lized in other processes. The liquid fraction of the HP gas/liquid separator (stream 
Liquid Effluent-1) is depressurized to 1 bar and the separation of the remaining 
dissolved gases takes place in the low pressure (LP) gas/liquid separator. The gas 
fraction of the LP gas/liquid separator is fed to an LP membrane in which the sep-
aration of H2S and CO2 from CH4, H2 and H2O takes place. The LP combustible 
gases stream (stream 13) is mixed with HP combustible gases (stream 15) and fed 
to the furnace. The flue gas of the furnace is used in Heat Exchanger-3 (HX-3) to 
preheat the air which is required for the combustion in the furnace. Two different 
options of salt separation have been investigated: Case I is the option in which the 
precipitated salts are removed only at the exit of the reactor with a high tempera-
ture filter (Filter) and Case II is the option in which the salt separation takes place 
with filters only at the exit of the HP and LP gas/liquid separators (Filter-1 and 
Filter-2). 



PROCESS MODELING ANALYSIS OF SUPERCRITICAL WATER GASIFICATION OF BIOMASS 

124 

 

Pump

Reactor

Biomass Slurry

LP Gas/Liquid Separator

Gas Products-2

Liquid Effluent-2

HP Gas/Liquid Separator

Gas Products-1

Liquid Effluent-1

1 2 3

4

8

7

10

9

Heat Exchanger-1

Heat Exchanger-2

3

6

Filter-1
(only in Case II)

High Pressure Membrane

Low Pressure Membrane

CH4, H2, CO, H2O

CO2, H2S

CO2, H2S

Splitter
To Network

Flue gas

Heat Exchanger-3

Salts-F1

Salts-F2 )

Air

Filter (only in Case I)

Flue gas-2

5

Filter-2
(only in Case II)

11

13

12

14

16

To Furnace
15

Furnace

Air-2

CH4, 
H2,  
H2O

Salts

 
Figure 7.1: The conceptual process design for the SCWG of biomass. 
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Throughout the simulations, some assumptions and design criteria have been 
used. These are listed below: 

- The pressure of the reactor is at 25 MPa and the effect of the change of reac-
tor pressure has not been investigated as it is known that the pressure does 
not have any significant effect on the gas composition for equilibrium calcu-
lations within the investigated range of temperatures of this work  

- Pressure losses in pipes and other process equipment are neglected. 

- The temperature of the stream 3 is at 370 °C for all of the simulations. This 
temperature selection was made in order not to have plugging problems in-
side the heat exchangers as observed in the earlier works (see Chapter 3), we 
have found that the most of the elements are still dissolved at 370 °C.  

- Like the other process design works in the literature [132–134,220], the 
products in the reactor are predicted with a thermodynamic equilibrium as-
sumption using the multiphase thermodynamic equilibrium model de-
scribed in section “3.2. Development of a Thermodynamic Model for the 
Predictions of Products at Equilibrium State”. 

- The filter for Case I separates the precipitated salts with a 100 % efficiency. 

- Filter-1 and Filter-2 for Case II separate the precipitated salts with a 100 % 
efficiency. 

- The enthalpy of stream 3 has been calculated by the constrained equilibrium 
model which was described in Chapter 4. 

- The option of adopting a turbine for the depressurization of stream 7 has 
been ruled out due to the possible corrosive effects of sulphur gases. 

- LP Gas/Liquid separator operates at a temperature of 25 °C and at a pres-
sure of 1 bar. 

- HP and LP membranes separate H2S and CO2 from the other product gases 
with a 100 % efficiency. This assumption is based on the works of Marzouk 
et al. [222] and Luis et al. [223]. 

- The furnace is modeled as a Gibbs reactor in Aspen Plus with an assump-
tion of 10 % heat loss and 6 vol. % O2 in the flue gas composition. The tem-
perature of the flue gas at the exit of the furnace (stream Flue gas) is as-
sumed to be 50 °C higher than the reactor operating temperature. 

- The temperature difference between the hot stream inlet (stream Flue gas) 
and cold stream outlet (stream Air-2) in HX-3 is 10 °C.  

The simulations have been performed for three different reactor temperatures 
(400 °C, 500 °C and 600 °C) and three different dry biomass concentrations (10 
wt.%, 20 wt.% and 30 wt.%) for two different abovementioned salt separation cas-
es. In addition, the effect of the mass fraction of the inorganic content of the bio-
mass (5 wt.%, 10 wt.% and 20 wt.%) on the product gases and process energetic 
behavior have also been investigated. As feedstock, the same microalgae sample 
was used (sample number #1921 from the Phyllis database [165] with composition 
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given in Table 3.4) as was used in section “3.2. Development of a Thermodynamic 
Model for the Predictions of Products at Equilibrium State”. 

Throughout this sub-chapter, all of the aforementioned microalgae simulations 
have been performed and presented based on 1 kg of dry biomass basis. The pres-
ence of CO is taken into account in all of the calculations, however, it is not shown 
in the corresponding figures as the amount is negligibly low. 

Validation of the Modeling Approach: The validation of the approach for the 
behavior of the inorganic content of the biomass has been done by comparing the 
simulation results with the experimental results of Yanagida et al. [79]. Here, the 
authors gasified a poultry manure sample in water (8.24 wt.% dry poultry ma-
nure) in an autoclave at a pressure of 32 MPa and at a temperature of 600 °C in the 
presence of activated carbon as a catalyst. After reaching complete gasification, 
they cooled down and depressurized the autoclave to room conditions and ana-
lyzed the partitioning behavior of each element of the poultry manure sample to 
solid and liquid phases with respect to the analyzed initial mole amounts of each 
element of the manure sample. The schematic concept of their experimental work 
is depicted in Figure 7.2. 

Autoclave

Poultry manure

Water

Activated carbon

Heating to
600 oC at 32 

MPa

Cooling and 
depressurizing 

to room 
conditions 

Gases

Solids Liquid phase

Filtration

SCWG

 
Figure 7.2: Schematic concept of the experimental work of Yanagida et al. [79]. 

The experimental work has been simulated as follows; first the developed mul-
tiphase thermodynamic equilibrium model (given in section “3.2. Development of 
a Thermodynamic Model for the Predictions of Products at Equilibrium State”.), 
the gasification step has been simulated at the same process conditions as the ex-
perimental work and then the equilibrium composition outputs of that simulation 
were used as the input for the OLI Analyzer Studio 9.1 calculation which was per-
formed at 25 °C and 1 bar conditions. The comparison between the experimental 
results and the modeling approach is given in Figure 7.3. 
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Figure 7.3: Comparison of the modeling approach with the experimental work of 
Yanagida et al. [79] for the partitioning behavior of inorganic content of the bio-
mass in SCWG process to liquid and solid phases. Please see Figure 7.2 and the 
reference [79] for the experimental conditions. 

Experimental results are in a very good agreement with the modeling approach 
results except for sulphur, nitrogen and silicon behavior. Thermodynamic equilib-
rium calculations predict the formation of N2 as the dominant nitrogen containing 
compound [133] and NH3 which is almost one order of magnitude less than N2 

(see Chapter 3). N2 is almost insoluble in water for room temperature conditions, 
however NH3 is dissolved mainly in the form NH4

+ ion. The difference between 
the experimental and modeling results for nitrogen in Figure 7.3 indicates that 
during the gasification process, nitrogen content of biomass is released in the form 
of NH3 instead of N2. This observation is supported by the experimental works of 
Yildiz Bircan et al. [72] and Klingler et al. [51] who investigated the behavior of 
amino acids under hydrothermal conditions. Klingler et al. [51] proposed that 
when amino acids react with water under hydrothermal conditions, they form 
NH3 and Yildiz Bircan et al. [72] found out that 95 % of the nitrogen content of the 
amino acid is converted to NH4

+. Based on these results of Yildiz Bircan et al. [72] 
and Klingler et al. [51], the aforementioned gasification step was re-simulated with 
selecting NH3 as the only possible nitrogen containing gas compound and the out-
puts of this new simulation were used as the new input for the OLI Analyzer Stu-
dio 9.1 calculation. The new results were in a full agreement with the experimental 
results of nitrogen behavior shown in Figure 7.3. Hence, NH3 has been selected as 
the only nitrogen containing gas compound for all of the following microalgae 
gasification calculations in this work. 

The inconsistency in the sulphur results is believed to be due to the activated 
carbon presence in the autoclave, as it is known that H2S is adsorbed on the acti-
vated carbon [224–226]. A part of the formed gas phase sulphur containing com-
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pound – equilibrium calculations predict this to be in the form of H2S (see Chapter 
3) – was most likely adsorbed on the surface of the activated carbon which then re-
sulted in solid phase sulphur. The solid phase analyzed after the experiment is re-
ferred to as both ash and activated carbon by the researchers [79]. 

The inconsistency in the silicon results might be due to a specific limitation of 
the OLI Analyzer Studio 9.1 software. The gasification simulation resulted in the 
formation of K2Si2O5 as the silicon containing compound. However, this com-
pound is not available in OLI Analyzer Studio 9.1 database. To close the mole bal-
ances and to choose the most appropriate form of silicon, it has been modeled as 
K2O + 2SiO2, which may have influenced the solubility behavior of silicon contain-
ing compounds. The inconsistency in silicon behavior could also be due to the in-
organic elements in the biomass (such as Na and Mg); these had not been analyzed 
in the experimental study but could change the possible formation of silicon com-
pounds, thus changing the solubility. Another possibility could be the form of 
SiO2; SiO2 can be in different forms which have different solubilities in water. 
However, OLI Analyzer Studio 9.1 only offers the amorphous silica as the SiO2 
compound in the database. One final possibility could be the adsorption of some 
CO2 on the activated carbon surface in the experiment which could lead to less 
solubility of CO2 in water, thus decreasing the H+ ion concentration which could 
result in the insolubility behavior of silica. Nevertheless, throughout the aforemen-
tioned microalgae simulations using OLI Analyzer Studio 9.1, complex solid com-
pounds formed in the gasification step have been modeled as simpler forms ac-
cording to their mole balance and amorphous silica has been selected in OLI Ana-
lyzer Studio 9.1 to represent the SiO2 compound as it was the only option. 

7.1.3. Results and discussions 

Selection of the Operating Conditions for the HP Gas/Liquid Separator: The 
criterion for the selection of the operating temperature and pressure of the HP 
Gas/Liquid Separator were i) the thermal energy that could be recovered in HX-2, 
ii) the solubility of the gases in the HP Gas/Liquid separator and iii) the separation 
performance of the HP membrane separator. As a base case, 20 wt.% dry biomass 
concentration at a reactor temperature of 500 °C was selected. The composition of 
the product compounds leaving the reactor was calculated by the multiphase 
thermodynamic equilibrium model developed in section “3.2. Development of a 
Thermodynamic Model for the Predictions of Products at Equilibrium State”. The 
predicted compositions by the model were then used as the inputs for the OLI An-
alyzer Studio 9.1 calculations. The enthalpy of the stream 6 and the amount of the 
gases that leaves the HP Gas/Liquid separator (first flash column) for Case II have 
been calculated for different pressures and temperatures. The results are presented 
in Figure 7.4 and Figure 7.5, respectively. 
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Figure 7.4: The enthalpy of the Stream 6 at different temperatures and pressures 
for Case II. The reactor temperature is 500 °C and the dry microalgae concentration 
in the feed is 20 wt. %. 

 
Figure 7.5: The amount of the gases that leave the HP Gas/Liquid Gas Separator 
(first flash column) for different conditions for Case II. The results represent 
Stream 7. Please note that the lowest amount for the gases corresponds to the 
highest pressure and the highest amount for the gases corresponds to the lowest 
pressure. 
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The results in Figure 7.4 show that more enthalpy can be gained from Stream 6 
in HX-2 when the pressure is higher and temperature is lower. From Figure 7.5, it 
can be seen that CO2 and NH3 have a higher solubility at higher pressures and 
lower temperatures, whereas CH4 and H2 are almost insoluble in water within the 
investigated temperature and pressure region. H2S has a different behavior; the 
highest solubility is at 25 MPa and at 140 °C. Given the fact that high pressure 
membranes operate at a temperature between 30 – 40 °C [227–229], a pressure of 
25 MPa for a temperature of 35 °C has been selected to gain more thermal energy 
in HX-2, and to have a lower CO2 and NH3 content in the gas phase in order to 
have a more efficient separation of the remaining CO2 and H2S in the HP mem-
brane.   

Gas Behavior Results: Figure 7.6 shows the amount of gases that leave the re-
actor (R), HP Gas/Liquid Separator (first flash column – F1) and LP Gas/Liquid 
Separator (second flash column – F2) at different process conditions (400 °C, 500 
°C and 600 °C for the reactor temperature and 10 wt.%, 20 wt.% and 30 wt.% for 
dry microalgae concentration in the feed) for Cases I and II. Please note that there 
is a negligible difference between the results of Case I and Case II. Hence, regard-
ing Case I, only the results for the 30 wt.% dry microalgae concentration in the 
feed are depicted in Figure 7.6. 

The results show that around 20 % of H2S and all of NH3 leave the process in 
the aqueous phase (stream 10), however this value is around 30 % for CO2. NH3 is 
dissolved in water almost only in its ionic form (NH4

+), whereas CO2 and H2S are 
dissolved mainly in their ionic form (such as HS-, HCO3

- and CO3
-2) and to a small 

extent in their neutral form (CO2 and H2S). CH4 and H2 are almost not soluble in 
water and leave the process in their gas form at the top of HP and LP Gas/Liquid 
Separator (streams 7 and 9).  

The results of Case I and Case II indicate that not removing the salts after the 
reactor results in the presence of ionic compounds in the HP and LP Gas/Liquid 
separator which influences the solubility of CO2 and H2S. This difference is de-
pendent on the inorganic content of the biomass and/or the dry biomass concen-
tration in the feed. The results also indicate that one needs to take into account the 
effect of ions on the gas/liquid separator performance instead of using only the 
Henry constants of gases if the inorganic content of the biomass (≥ 10 wt.%) 
and/or the dry biomass concentration in the feed (≥ 20 wt.%)  are high. 

For all of the cases at 600 °C and 10 wt.% dry algae feed, H2 is the most domi-
nant gas product. One may consider implementing a H2 separation mem-
brane/filter as proposed by Feng et al. [129] and Fiori et al. [133] at the outlets of 
streams 11 and 13 in order to have a clean H2 stream for a fuel cell application as 
proposed also by Toonssen et al. [230]. 
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Figure 7.6: The amount of gases that leave the reactor (R), HP Gas/Liquid Separator (F1) and LP Gas/Liquid Separator (F2) at 
different process conditions for Cases I and II. Please look at the right axis for H2S. The temperatures indicate the reactor operat-
ing temperature and the wt. % indicates the dry microalgae concentration in the feed. 
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Inorganic Element Behavior Results: Figure 7.7 shows the mole fractions of Cl, 
K and Na separated in the filter in Case I for different process conditions. The sim-
ulations indicate that Ca, Mg, P and Si are totally separated in the filter for all of 
the investigated process conditions, hence it is not shown in Figure 7.7.  

 
Figure 7.7: The mole fractions of Cl, K and Na separated in salt separator in Case I 
for different process conditions. The temperatures indicate the operating tempera-
ture of the reactor and filter and the wt. % indicates the dry microalgae concentra-
tion in the feed. 

The results show that higher reactor temperatures and higher dry microalgae 
concentrations result in more separation of Cl, K and Na elements. This is due to 
the decrease of the solubilities of Cl, K and Na compounds in supercritical water. 
The non-separated fraction of Cl, K and Na are dissolved in their ionic form in the 
LP Gas/Liquid Separator and leave the process in the liquid effluent (stream 10). 
The remaining elements can form different compounds at different process condi-
tions. Table 7.1 shows the formed compounds for every element at different condi-
tions. It can be stated that Ca forms Ca5(OH)(PO4)3, Cl forms KCl and Si forms 
Mg2SiO4. However, K, Mg and P form different kinds of compounds at different 
conditions.  
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Table 7.1: The compounds that are formed from the elements for Case I at different 
process conditions. Liquid form represents the final liquid effluent (stream 10). 
The temperatures indicate the reactor operating temperature and the wt. % indi-
cates the dry microalgae concentration in the feed. 

Element Compounds 

Solid Form Liquid Form 

From Salt Separator Exception 

Ca Ca5(OH)(PO4)3 None None 

Cl KCl KCl is not formed at 10 wt.% 
when the temperature is 400 °C.  

Cl- 

K KCl, K2HPO4 and K2CO3 KCl is not formed at 10 wt.% 
when the temperature is 400 °C. 

K+ 

Mg Mg3(PO4)2 and Mg2SiO4, 
MgCO3 

MgCO3 is formed only at 400 °C. None 

Na Na3(PO4) and Na2CO3 Na2CO3 is formed only at 400 °C. Na+ 

P K2HPO4, Mg3(PO4)2, 
Na3(PO4) and 
Ca5(OH)(PO4)3 

None None 

Si Mg2SiO4 None None 

 

Figure 7.8 shows the mole fractions of Ca, K, Mg, P and Si separated in Filter-1 
and Filter-2 in Case II for different process conditions. The results do not include 
the results for Cl and Na as these elements are dissolved in the aqueous phase in 
HP and LP Gas/Liquid separators, and leave the process in the liquid effluent 
(stream 10). The behavior of the elements by compound and phase basis for Case II 
is shown in Table 7.2. It can be stated that Ca is mainly separated in Filter-1 in the 
form of mostly Ca5(OH)(PO4)3 and in the form of CaCO3 in Filter-2. The separated 
fraction in Filter-1 increases with the increase in dry microalgae concentration in 
the feed and decreases with an increase in the reactor temperature. However, 
when the reactor temperature is higher, then the separated fraction in Filter-2 in-
creases resulting in a more total separated fraction. Potassium is separated only in 
Filter-2 in the form of MgKPO4.6H2O. Mg compounds have a more complex be-
havior: the total separated fraction increases with an increase in the reactor tem-
perature and dry microalgae concentration in the feed. Mg can form different solid 
and ionic compounds depending on the process conditions. The same separation 
trend exists for P compounds: the total separated fraction increases with an in-
crease in the reactor temperature and dry microalgae concentration in the feed. 
Similar to Mg, P also forms complex and different compounds at different process 
conditions. Si has a simpler behavior: it only exists in the form of SiO2 both in the 
liquid and solid phase and like other elements, the total separated fraction increas-
es with an increase in the reactor temperature and dry microalgae concentration in 
the feed. One interesting observation is how the presence of dissolved CO2 in HP 
and LP Gas/Liquid separators changes the behavior of some compounds: at 30 wt. 
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% dry microalgae concentrations in the feed conditions, the dissolved CO2 is more 
concentrated in the Gas/Liquid separators and CaCO3 is formed instead of 
Ca5(OH)(PO4)3. A similar effect is the shifting of Na+ ion to NaHCO3

 formation in 
the liquid phase at higher dry microalgae concentrations. 

 

 
Figure 7.8: The mole fractions of Ca, K, Mg, P and Si separated in Filter-1 (1) and 
Filter-2 (2) in Case II for different process conditions. The temperatures indicate 
the reactor operating temperature and the wt. % indicates the dry microalgae con-
centration in the feed. 

Table 7.3 shows the comparison of the composition of the liquid effluent that 
leaves the process (stream 10) for Cases I and II at a reactor temperature of 500 °C 
for a 20 wt. % dry microalgae concentration in the feed. The results indicate that 
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CO2, H2S and NH3 are dissolved in their ionic forms. The presence of salts slightly 
changes the dissolved amounts. As also discussed above, the dissolution of CO2 
results in the formation of CO3

-2 and HCO3
- constituent compounds in the liquid 

effluent. K and Cl are in their monoatomic ionic forms and Na can form NaHCO3 
in addition to its monoatomic ionic form. The results shown in Table 7.3 will give 
an indication to what extent one can utilize the liquid effluent as a possible fertiliz-
er. However, the investigation of the quality of this liquid effluent as a liquid ferti-
lizer as well as the possible treatment methods (if any) to make it more utilizable 
as a fertilizer is not within the scope of this work. 

Table 7.2: The compounds that are formed from the elements for Case II at differ-
ent process conditions. Liquid form represents the final liquid effluent (stream 10). 
The temperatures indicate the reactor operating temperature and the wt. % indi-
cates the dry microalgae concentration in the feed. 

Element Compounds 

Solid Form Liquid Form 

Filter-1 Filter-2 Exception 

Ca Ca5(OH)(PO4)3, 
CaCO3 

Ca5(OH)(PO4)3 and 
CaCO3 

CaCO3 is separated 
in Filter-1 only at 30 
wt. %. 

 Ca5(OH)(PO4)3 is 
separated in Filter-2 
only at 10 wt.% 
when the tempera-
ture is 400 °C, and it 
is not separated in 
Filter-1 at 30 wt. %. 

None 

Cl None None None Cl- 

K None MgKPO4.6H2O None K+ 

Mg MgHPO4.3H2O Mg3(PO4)2.8H2O, 
MgKPO4.6H2O 

MgHPO4.3H2O is 
separated in Filter-1 
only at 30 wt. % and 
Mg3(PO4)2 is sepa-
rated in Filter-2 on-
ly at 10 wt. %. 

MgHCO3+,Mg+2, 
MgHPO4 

Na None None None Na+, NaHCO3 

P Ca5(OH)(PO4)3, 
MgHPO4.3H2O 

Mg3(PO4)2.8H2O, 
MgKPO4.6H2O 

Mg3(PO4)2.8H2O is 
separated in Filter-2 
only at 10 wt. %. 

H2PO4-1, HPO4-2, 
MgHPO4 

Si SiO2 SiO2 SiO2 is not formed 
at 10 wt.%. 

SiO2 

Thermal Behavior of the Process: Figure 7.9 shows the thermal characteristics 
of the process at different conditions for Case II,. The thermal behaviour of the 
process for Case I is negligibly different from Case II, hence the thermal behaviour 
results of the process are given only for Case II. The results indicate that at com-
paratively low reactor operating temperatures or  high dry microalgae concentra-
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tions in the feed, the thermal energy required for the reactor (E-H) and available in 
HX-2 (E-C) are lower. However, the relative change in E-C with respect to the 
same amount of biomass slurry feed at different dry microalgae concentrations in 
the feed has an opposite behavior: at lower dry microalgae concentrations in the 
feed, the required thermal energy that could be gained in HX-2 (E-C) is higher. 
Lower dry microalgae concentrations result in higher fraction of water in the feed, 
which dissolves more compounds and thus leads to lower specific enthalpy values 
for stream 6.  

Table 7.3: The comparison of the composition of the liquid effluent that leaves the 
process (stream 10) for Cases I and II at a reactor temperature of 500 °C and at 20 
wt. % dry microalgae concentration in the feed. 

Compound Mole Amount 

Case I Case II 

H2O 192.516 192.066 

NH4+ 5.48224 5.48456 

HCO3- 5.14635 5.24796 

NH2CO2- 0.173496 0.173064 

CO2 0.083252 0.082203 

CO3-2 0.065123 0.067171 

NH3 0.062055 0.060156 

HS-1 0.032388 0.032022 

H2S 5.00×10-3 4.86×10-3 

Cl- 2.38×10-3 0.095657 

K+ 2.18×10-3 0.255479 

Na+  0.058874 

NaHCO3  0.022467 

HPO4-2  0.084023 

MgHCO3+  0.039831 

Mg+2  8.21×10-3 

SiO2  5.77×10-3 

H2PO4-  3.03×10-3 

MgCO3  1.46×10-3 

MgHPO4  1.32×10-3 

The thermal energy required for the reactor (E-H in Figure 7.9) may seem high-
er (1 – 2 MJ·(kg-total-feed) -1). On the one hand, part of this thermal energy (50 – 80 
%) can be recovered in HX-2 (E-C in Figure 7.9). On the other hand, the low tem-
perature of stream 5 (T in Figure 7.9) limits the use of that heat source in the pro-
cess. Nevertheless, that heat source can be used to heat up other utilities in a dif-
ferent process and/or for the cultivation of microalgae. 

Figure 7.10a shows the net thermal energy requirement of the process at differ-
ent conditions for Case II and Figure 7.10b shows the remaining amount of CH4 
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and H2 that are fed to the network (Stream 16 in Figure 7.1) after being used in the 
furnace in order to provide sufficient heat for the reactor. The results show that the 
process is thermally self-sufficient except for one condition: at a temperature of 600 
°C when the dry microalgae concentration in the feed is 10 wt. %. As it can be seen 
from the splitting percentage (the ratio of stream 15 to stream 11 in %, “S” in Fig-
ure 7.10a) results, all of the formed gases need to be used in order to provide suffi-
cient heat to the reactor. Besides, additional thermal energy is required to supply 
sufficient heat for the reactor for this operating conditions. The required thermal 
energy can be supplied from a natural gas network in which the required amount 
of methane is 1.00 and 0.98 mol CH4∙(kg-dry-microalgae)-1 for Cases I and II, re-
spectively.  

The process is thermally more efficient when the reactor temperature is lower 
and when the dry micro algae concentration in the feed is higher. This behavior is 
expected since at lower reactor temperatures, less thermal energy is required to 
heat the feed to the reactor temperature and at higher dry microalgae concentra-
tions more product gases are formed for the same amount of total feed. The most 
thermally efficient conditions are when the reactor operating temperature is at 400 
°C with a dry microalgae concentration of 30 wt. %. However, in real cases such 
high dry biomass concentrations at 400 °C will unlikely lead to the full conversion 
of the biomass that is assumed in this study, but rather lead to an unconverted 
waste stream and lower gas production. There is still some thermal energy (E-F in 
Figure 7.10a) that could be gained in HX-3 (stream Flue gas-2). However, like the 
case of stream 5, the temperature of the stream Flue gas-2 (T in Figure 7.10a) limits 
the use of that heat source in the process, but can be utilized in other processes. 

 

 
Figure 7.9: Thermal energy characteristics of the process for different conditions 
for Case II. The temperatures indicate the reactor operating temperature and the 
wt. % indicates the dry microalgae concentration in the feed. Please look at to the 
right axis for T. 
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Figure 7.10: Energetic performance of the process. a) The net thermal energy re-
quirement of the process for different conditions for Case II. The temperatures in-
dicate the reactor operating temperature and the wt. % indicates the dry microal-
gae concentration in the feed. Please look at to the right axis for S (Percentage %) 
and T (Temperature). b) The amount of CH4 and H2 that is fed to the network 
(Stream 16 in Figure 7.1). The temperatures indicate the reactor operating tempera-
ture and the wt. % indicates the dry microalgae concentration in the feed. 

The Effect of the Mass Fraction of the Inorganic Content of Microalgae: Fig-
ure 7.11 shows the effect of the mass fraction of the inorganic content of the bio-
mass on the gas behavior in the reactor (R), HP Gas/Liquid Separator (first flash 
column – F1) and LP Gas/Liquid Separator (second flash column – F2) at a reactor 
temperature of 500 °C with a 20 wt. % dry microalgae in the feed for Case II. Fig-
ure 7.12 is the reproduction of the results shown in Figure 7.11 with respect to 1 kg 
organic content (C, H, O, N, S) of microalgae: the amount of the gas compounds 
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given in Figure 7.11 were divided by the mass fraction of the organic content of the 
dry biomass. 

 

 
Figure 7.11: The amount of gases that leaves the reactor (R), HP Gas/Liquid Sepa-
rator (F1) and LP Gas/Liquid Separator (F2) at different mass fractions of the inor-
ganic content of microalgae for Case II at 500 °C and 20 wt. % dry microalgae in 
the feed conditions. Please look at to the right axis for H2S. The wt. % indicates the 
mass fraction of the inorganic content of dry microalgae. 

The results show that the amount of the formed gases decreases with an in-
crease in the mass fraction of the inorganic content of microalgae. This is an ex-
pected phenomena as the amount of organic elements (C, H, O, N, S) in the feed 
decreases with an increase in the mass fraction of the inorganic content of microal-
gae resulting in lower gas formation. 

The results need more attention when it comes to the Figure 7.12. The relative 
change of CO2 and H2S behavior in gas/liquid separators with respect to the 
change of the mass fraction of the inorganic content of microalgae is more signifi-
cant than the other gases. The presence of salts slightly increases the solubility of 
CO2 and H2S. However, what is more noteworthy is the formation behavior of the 
gases in the reactor. While the amount of CO2 decreases, the amounts of CH4 and 
H2 increases with an increase in the mass fraction of the inorganic content of mi-
croalgae. Some part of the decrease in the amount of CO2 can be attributed to for-
mation of more carbonate salts with an increase in the mass fraction of the inor-
ganic content of microalgae. However, the remaining decrease of CO2 and the in-
crease in CH4 and H2 is due to the inorganic content of microalgae. It can be con-
cluded that the increase in the mass fraction of the inorganic content of microalgae 
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enhances the formation of CH4 and H2. This phenomena is most likely due to the 
increase in the total alkali content of the feed. Some part of CO2 forms carbonate 
salts with Na and K resulting in a decrease in the gas phase CO2 which further in-
creases the amount of CH4 and H2 throughout the gas phase reactions. It has also 
been reported in the literature by many researchers [64–66] that the presence of al-
kali salts increases the H2 yields. 

 
Figure 7.12: The amount of gases that leaves the reactor (R), HP Gas/Liquid Sepa-
rator (F1) and LP Gas/Liquid Separator (F2) at different mass fractions of the inor-
ganic content of microalgae for Case II at 500 °C and 20 wt. % dry microalgae in 
the feed conditions with respect to 1 kg of organic content (C, H, O, N, S) of micro-
algae basis. Please look at to the right axis for H2S. The wt. % indicates the mass 
fraction of the inorganic content of dry microalgae. 

Figure 7.13 shows the effect of the mass fraction of the inorganic content of the 
biomass on the mole fractions of the inorganic elements separated in Filter-1 (1) 
and Filter-2 (2) at a reactor temperature of 500 °C with a 20 wt. % dry microalgae 
concentration in the feed for Case II. It can be concluded that the separated fraction 
of the elements increases with an increase in the mass fraction of the inorganic con-
tent of microalgae except for K. K has an opposite behavior due to the formation of 
MgKPO4.6H2O in Filter-2: the more Mg and P are separated in Filter-1 the less K is 
separated in Filter-2. 
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Figure 7.13: The effect of the mass fraction of the inorganic content of the biomass 
on the mole fractions of the inorganic elements separated in Filter-1 (1) and Filter-2 
(2) at a reactor temperature of 500 °C with a 20 wt. % dry microalgae concentration 
in the feed for Case II. The wt. % indicates the mass fraction of the inorganic con-
tent of dry microalgae. 

Figure 7.14 and Figure 7.15 show the effect of the mass fraction of the inorganic 
content of the biomass on the thermal energy related behavior of the process. 
These results indicate that the required thermal energy for the reactor (Enthalpy of 
heating in Figure 7.14) and the amount of thermal energy that can be recovered in 
HX-2 (Enthalpy of cooling in Figure 7.14) decrease, whereas the temperature of the 
products at the exit of the HX-1 (stream 5, HEX Temperature in Figure 7.14) increas-
es with an increase in the mass fraction of the inorganic content of microalgae,. 
This can be linked to the difference of the enthalpies of precipitated salts and gas-
es. Precipitated salts have a lower enthalpy value with respect to the unit mass of 
formed gases resulting in a less required thermal energy for the reactor when the 
mass fraction of the inorganic content of microalgae is higher. The net thermal en-
ergy requirement results are very similar for all of the cases: even though the 
amounts of product gases decrease (as can be seen from Figure 7.11), the splitting 
ratio remains almost the same with an increase in the mass fraction of the inorgan-
ic content of microalgae due to the decrease in the required thermal energy for the 
reactor as discussed above. Similar to splitting ratio, the temperature of the flue 
gas at the exit of the HX-3 (stream Flue gas-2, Flue Gas Temperature in Figure 7.15) 
remains the same, however, the thermal energy that can be gained from the flue 
gas (stream Flue gas-2, Enthalpy from Flue Gas in Figure 7.15) decreases with an in-
crease in the mass fraction of the inorganic content of microalgae. 
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Figure 7.14: The effect of the mass fraction of the inorganic content of the biomass 
on the thermal energy behavior of the process at a reactor temperature of 500 °C 
with a 20 wt. % dry microalgae concentration in the feed for Case II. The wt. % in-
dicates the mass fraction of the inorganic content of dry microalgae. 

 
Figure 7.15: The effect of the mass fraction of the inorganic content of the biomass 
on the net thermal energy behavior of the process at a reactor temperature of 500 
°C with a 20 wt. % dry microalgae concentration in the feed for Case II. The wt. % 
indicates the mass fraction of the inorganic content of dry microalgae. 
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7.1.4. Conclusions 

Based on a conceptual process design, the energetic behavior as well as the be-
havior of gases of a SCWG of microalgae process in the presence of the inorganic 
content of microalgae have been investigated for two different salt separation cas-
es. The effects of various process conditions including varying inorganic content 
have been studied. In addition, the behavior of inorganic elements in different 
process equipment by means of phase partitioning and compound formation has 
also been investigated. The results indicate that the presence of electrolytes influ-
ences the solubility of gases in gas/liquid separators. Hence, one needs to account 
for the effect of ions on the gas/liquid separators instead of using only the Henry 
constants of gases if the inorganic content of the biomass (≥ 10 wt.%) and/or the 
dry biomass concentration in the feed (≥ 20 wt.%) are high. The process is thermal-
ly more efficient when the reactor temperature is lower and when the dry microal-
gae concentration in the feed is higher. The thermal energy required for the reactor 
may seem higher, however, some part of this thermal energy (50 – 80 %) can be re-
covered as a heat source in other processes such as the cultivation of microalgae. 
The increase in the mass fraction of the inorganic content of microalgae enhances 
the formation of CH4 and H2 and decreases the required thermal energy for the re-
actor. The results also show how sensitive the process outcomes are with respect to 
process conditions. Changing the pressure and temperature in the reactor and 
gas/liquid separators, and dry biomass concentration in the feed result in signifi-
cant changes in process outcomes (thermal behavior, gas and salt composition) 
which make it hard to define the most critical parameters of the process. 
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7.2. AN INTEGRATED KINETIC MODEL FOR THE PREDICTION OF PRODUCT COM-

POUNDS 

7.2.1. Introduction 

Even though there have been many research works on determining the decom-
position and/or gasification reaction pathways for the main biomass constituents 
or on developing a lumped reaction mechanism for real biomass samples (see ref. 
[85] for a lumped kinetic model for algae), a comprehensive and detailed reaction 
network for a real biomass has not been proposed so far. However, proposing an 
integrated decomposition pathway and using kinetic parameters from the pub-
lished reaction rates enables to investigate the compositional analysis of the deg-
radation products of real biomass feedstocks at different process conditions. In 
addition, unlike a thermodynamic equilibrium approach, kinetic modeling enables 
the sizing of process equipment and observing the effect of residence time on the 
product compounds’ yields. Based on the already published literature data, this 
sub-chapter aims to develop and validate an integrated decomposition and gasifi-
cation kinetic model using Aspen PlusTM software for cellulose, hemicellulose, lig-
nin and protein model compounds in supercritical water.  

7.2.2. Kinetic model 

Integration of the available kinetic studies in the literature was established re-
garding both sub- and supercritical reactions for given model compounds. Addi-
tionally, experimental conditions under which the data were gathered were 
worked on carefully by grouping the data according to the operating conditions. 
The reaction pathways for the model compounds which were reported to show 
differences in the sub– and supercritical regions were separately implemented into 
the model for sub– and supercritical regions. 

7.2.2.1. Cellulose reaction pathways in sub– and supercritical water 

To model the cellulose decomposition and gasification reaction pathways, cel-
lobiose has been chosen as the model compound as it has similar glycosidic bonds 
as cellulose [116]. 

Decomposition of cellobiose: In the proposed reaction network, cellobiose as a 
model compound of cellulose, undergoes reactions occurring in series and in par-
allel to form simpler organic compounds under sub– and near-critical conditions. 
Cellobiose initially depolymerizes in three distinct ways: via pyrolysis to glucosyl-
erythrose + glycolaldehyde, glucosyl-glycolaldehyde + erythrose and via hydroly-
sis to glucose [116]. Glucose isomerizes to fructose, but fructose to glucose isomer-
ization is not significant [42]. Glucose decomposes to erythrose, glyceraldehyde, 5-
hydroxymethylfurfural (5-HMF) and also dehydrates to 1,6 anhydroglucose under 
hydrothermal conditions [42]. Dihydroxyacetone takes place in a 2-way isomeriza-
tion reaction with glyceraldehyde. Pyruvaldehyde is a dehydration product of the 
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isomer compounds [231]. Fructose decomposition reactions produce glyceralde-
hyde, 5-HMF and furfural [232]. The proposed decomposition pathway for cello-
biose conversion in sub– and supercritical water is shown in Figure 7.16. Promdej 
and Matsumura [232] also proposed the reaction pathways of 5-HMF to char, glu-
cose derived intermediates (TOC) to char, fructose to furfural and furfural to char. 
To combine all of these reactions, a further degradation reaction of 5-HMF is in-
troduced (see Figure 7.17). 

 
Figure 7.16: Decomposition reaction pathway for cellobiose in sub– and supercriti-
cal water: k1, k2, k3, kge.g, kgg.g from [116]; kg.e, kg.a, kg.gly, kg.f, kf.e, kf.gly from [42]; 
kgly.dih, kdih.gly, kgly.p, kdih.p from [231]; kg.5, kf.5 from [232]. 

Decomposition of glucose-fructose derived products: The proposed reaction 
pathways for the intermediates formed from the cellobiose decomposition are 
mainly directed towards the formation of organic acids. Decomposition of fruc-
tose, aldehydes and ketones to organic acids was reported in the literature [42,233], 
however, the exact reaction pathways for these compounds were not given. Hence, 
the organic acids that could be formed were assumed according to the number of 
carbon atoms of the decomposition products and the organic acid compounds that 
were detected in the SCWG effluent. In addition, in order to prevent the accumula-
tion of glycolaldehyde in the system, glycolaldehyde is assumed to form acetic ac-
id as the molecular formula is the same as acetic acid. The pathways are shown in 
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Figure 7.17. The general reaction mechanism of glucose under sub- and supercriti-
cal water conditions postulated in this work (combination of Figure 7.16 and Fig-
ure 7.17) is also in agreement with the glucose decomposition pathway proposed 
by Castello et al. [234] 

 
Figure 7.17: Decomposition reaction pathway for glucose-fructose derived prod-
ucts in sub– and supercritical water: kf.acid, kp.acid, ka.acid, ke.acid from [233]; k5.lf, k5.ff 
from [235,236]. Please note that kglyo.acid is an assumed reaction and due to its simi-
lar structure the Arrhenius parameters of the erythrose conversion are used for 
that reaction. 

7.2.2.2. Hemicellulose reaction pathways in sub– and supercritical water 

To model the hemicellulose decomposition and gasification reaction pathways, D-
xylose has been chosen as the model compound as it is the major hydrolysis prod-
uct of hemicellulose [237]. As the reaction pathways are not the same in sub– and 
supercritical water, the decomposition pathway for D-xylose has been developed 
for sub– and supercritical regions separately. 
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Decomposition of D-xylose in subcritical water: Unfortunately, there are not 
many studies dedicated to the decomposition of D-xylose under sub– or near-
critical conditions. Hence, the decomposition reaction network for D-xylose under 
subcritical conditions is obtained from the research performed under rather mild 
temperatures and pressures (180 C- 220 oC, 10 MPa) [237]. In the proposed reaction 
network, D-xylose primarily decomposes to glyceraldehyde and methyl formate 
or forms furfural under subcritical conditions. Furfural further decomposes into a 
mixture of acetic acid and acrylic acid [237]. The proposed decomposition reaction 
pathways for D-xylose is given in Figure 7.18. 

 
Figure 7.18: Decomposition reaction pathways for D-xylose in subcritical water. 
All of the reaction pathways are from [237]. 

Decomposition and gasification of D-xylose in supercritical water: In the su-
percritical region, D-xylose decomposes to furfural or to an acetic acid and acrylic 
acid mixture. Furfural further undergoes a parallel reaction to form either char via 
a polymerization reaction or to form water soluble humic substance (WSHS) [47]. 
WSHS was assumed to be a mixture of acetic acid and acrylic acid as Goodwin and 
Rorrer [62] identified in their experimental work. The acetic acid and acrylic acid 
mixture further gasifies to form CO and H2 in the supercritical region. Figure 7.19 
shows the proposed scheme for the decomposition reaction pathway for D-xylose 
in the supercritical region. 

7.2.2.3. Lignin reaction pathways in sub– and supercritical water 

To model the lignin decomposition and gasification reaction pathways, guaiacol 
has been chosen as the model compound due to its chemical structure and similar 
attached groups [34]. As the reaction pathways are again not the same in sub– and 
supercritical water, the decomposition pathway for guaiacol has also been devel-
oped for sub– and supercritical regions separately. 
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Figure 7.19: D-xylose decomposition and gasification reaction pathways in super-
critical water. kxy.fu,kxy.wshs,kfu.wshs,kaa.ga are from [47] and kfu.ch is from [232]. 

Decomposition of guaiacol in subcritical water: In the proposed reaction net-
work for the guaiacol decomposition in subcritical water, guaiacol decomposes to 
single ring structures such as o-cresol and benzene or it directly gasifies. Crosslink-
ing between decomposition products produces heavier compounds, such as di-
phenyl, which was assumed as a model compound for total organic carbon (TOC) 
[238]. Diphenyl and benzene further crosslink the active sites of the ring structure, 
which results in char formation. Diphenyl is then converted via direct gasification 
in a parallel reaction [34]. The reaction network of guaiacol in subcritical water is 
given in Figure 7.20. 

Decomposition and gasification of guaiacol in supercritical water: The de-
composition and gasification reaction pathways of guaiacol in supercritical water 
have been developed based on the integration of the reaction pathways given in 
the works of Yong et al. [34,239]. The proposed reaction pathway is given in Figure 
7.21. In the supercritical region, guaiacol behaves similarly as in the behavior in 
subcritical region, however, further reactions of guaiacol derived compounds in 
supercritical water are also taken into account. 

7.2.2.4. Protein reaction pathways in sub– and supercritical water 

The decomposition products of a protein sample (albumin) to amino acids and 
other intermediate products as well as the Arrhenius parameters were given in 
Brunner [240]. However, as it was not possible to model raw protein in Aspen 
PlusTM, aspartic acid has been chosen as the model compound as it contains a 
higher number of carbon atoms in its molecular structure than alanine and glycine, 
which are the most investigated amino acids under hydrothermal conditions. 
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Figure 7.20: ecomposition reaction pathways for guaiacol in subcritical water. All 
of the reaction pathways are from [241].  

 

 
Figure 7.21: Decomposition and gasification reaction pathways for guaiacol in su-
percritical water. kgu.ch, kgu.ga, kgu.oc, kgu.c, kgu.t, kc.oc, kt.p kt.ch, kt.ga from [241]; kc.t, kp.c, 
kp.t, kp,ga, kp.ch, kb.t, kb.p, kb.ga, kb.na, kna.ch, kb.ch from [239].  
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Decomposition of aspartic acid in subcritical water: In the proposed reaction 
network, aspartic acid first decomposes to alanine, glycine and other organic acids 
as well as char [240]. Glycine and alanine then further decomposes to form amine 
compounds, organic acids, and NH3 as well as CO2 [51]. The proposed reaction 
network is given in Figure 7.22. 

 

 
Figure 7.22: Decomposition pathway for aspartic acid in subcritical water. kas.a, kas.g 
from [240]; kal.et, kg.met from [51]. 

Decomposition and gasification of aspartic acid derived compounds in su-
percritical water: In the proposed reaction network, alanine and glycine decompo-
sition also takes place in supercritical water [51]. However, alanine and glycine are 
reported to produce gases in supercritical water [242]. Besides, the carbon gasifica-
tion efficiency for amino acids can reach more than 80 % in less than 120 s at 650 
°C [242] which indicates that the intermediate compounds from amino acids’ de-
composition produce gaseous compounds as well. Hence, ethylamine and methyl-
amine are also assumed to produce gas compounds in supercritical water. The 
proposed reaction network is given in Figure 7.23. 
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Figure 7.23: Decomposition and gasification reaction pathways for aspartic acid 
derived compounds in supercritical water. kal.et, kg.met from [51]; kal.gas, kg.gas from 
[242]. Please note that ket.gas and kmet.gas are assumed reactions and their Arrhenius 
parameters are assumed to be the same with kal.gas and kg.gas, respectively. 

7.2.2.5. Organic acid and other intermediate compounds reaction pathways in 

sub– and supercritical water 

Model biomass compounds form various organic acids as well as other organic 
compounds through their decomposition reaction pathway in sub– and supercriti-
cal water as it can also be seen from Figure 7.16 – Figure 7.23. 

These intermediate compounds are reported to be further gasified under hy-
drothermal conditions [47,55,243]. Figure 7.24 displays the reactions from various 
intermediates in sub– and supercritical water. Even though it has not been report-
ed in the literature, in order to prevent the accumulation in the system, formalde-
hyde, levulinic acid and glycolic acid are assumed to be further decomposed to 
smaller compounds. 

7.2.2.6. Gas phase reactions 

In addition to the proposed reaction pathways for the intermediate compounds, it 
has been reported by many authors (such as [47,85,86]), that water gas shift (WGS) 
and methanation reactions also take place in SCWG. Eq. (7.1) and (7.2) show the 
water gas shift reaction and methanation reactions, respectively. 

CO + H2O ↔ CO2 + H2 (7.1)  

CO + 3H2 ↔ CH4 + H2O (7.2)  

Water gas shift reaction was found to shift to the right hand side of the reaction 
(1) due to the presence of high water concentrations in SCWG resulting in very 
low CO concentrations [86]. The effect of the methanation reaction on methane 
composition was found to be negligible and methane formation was mainly linked 
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to the gasification reactions of intermediates and guaiacol [86]. Besides, even dur-
ing a reaction time of 15 minutes at a temperature of 650 °C, non-catalytic back-
ward methanation reaction shows only around 10% conversion [90]. Hence, to be 
consistent with the experimental works, only the forward WGS reaction was as-
sumed to take place and the methanation reaction is neglected. The Arrhenius pa-
rameters for the aforementioned reactions are given in Appendix C. 

 
Figure 7.24: Organic acid and other intermediate compounds decomposition and 
gasification reaction pathways in sub and supercritical water. kfa.ga1, kfa.ga2 from 
[243]; kaa.ga from [244]; kpa.ga, kmf.aa from [47]; lactic acid reactions from [245]. Please 
note that kfal.ga, kglyco.ga and klevu.lacet are assumed reactions and the Arrhenius pa-
rameters of kf.ga1, kaa.ga, and kp.acid are used for these reactions, respectively. 
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7.2.3. Validation of the model 

Validation of the model has been performed by comparing the model predictions 
with the experimental results of SCWG of ligno-cellulosic and protein containing 
biomass feedstocks. 

7.2.3.1. Validation for ligno-cellulosic biomass  

Validation of the proposed kinetic model for ligno-cellulosic containing biomass 
has been performed by comparing the model predictions with the experimental 
work of Lu et al. [178]. In addition, the comparison between the experimental re-
sults reported in Chapter 6 and the predictions of the model is given in Appendix 
C.  

Lu et al. [178] performed a substantial number of SCWG experiments of ligno-
cellulosic biomass feedstocks under different process conditions in the presence of 
carboxymethylcellulose (CMC) in a heated tubular reactor. To model the tubular 
reactor of the experimental setup in AspenPlusTM, two plug flow reactors (RPlug 
type reactor) in series have been used: the first one was to model the reactions that 
take place under subcritical conditions (from 25 °C to 370 °C) and the second was 
to model the reactions that take place under supercritical conditions (from 370 °C 
to 650 °C). Figure 7.25 shows the experimental setup of Lu et al. [178] and the way 
it was modeled in AspenPlusTM for the simulations. Even though the authors [178] 
have given the sizing details of their setup, the temperature profile of their setup 
has not been given in their paper. As the authors’ experiments result in high gasi-
fication efficiencies (> 90 %) at short residence times (14 – 47s), it can be stated that 
rapid heating of the reacting medium is achieved. Thus, for the kinetic model sim-
ulations in AspenPlusTM, it was assumed that the residence time for the reacting 
medium from 25 °C to 370 °C is 5 seconds and that it is 3 seconds from 370 °C to 
650 °C. Throughout the simulations, CMC has been modeled as cellobiose. This 
approximation is not expected to lead to appreciable inconsistencies as the struc-
tures of the two compounds are similar. Figure 7.26 – Figure 7.28 show the com-
parison of the model predictions with the experimental results for carbon gasifica-
tion efficiency (CGE), gasification efficiency (GE) and gas yields of wood sawdust 
gasification in SCW at a temperature of 650 °C for different residence times and at 
different pressures. GE refers to the mass percentage of the gaseous phase outlet to 
the dry biomass inlet. CGE stands for the percentage of the number of moles of the 
carbon in the gaseous outlet to the biomass inlet.  

It can be concluded that CGE and GE tend to increase with the residence time, 
which is simply explained by the enhanced production of gas compounds by al-
lowance of more time to the gasification reactions to proceed. Average relative er-
rors for the GE and CGE are found to be 15% and 10%, respectively. Besides these 
quantitative findings, the trend of the efficiencies also show quite good agreement 
as it can also be seen from Figure 7.26. Hydrogen, methane, carbon dioxide, and 
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carbon monoxide formation show a similar trend as a function of residence time as 
the experimental result of Lu et al. [178]. 

Figure 7.25: The experimental setup of Lu et al. [178] (a), and the way it was mod-
eled in AspenPlusTM for the simulations (b). (a) is reprinted from [178].  
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Figure 7.26: The effect of residence time on carbon gasification efficiency (CGE) 
and gasification efficiency (GE) of wood sawdust gasification ( 2 wt.% wood saw-
dust + 2 wt.% CMC) in SCW at a pressure of 25 MPa and at a temperature of 650 
°C. Solid lines are model predictions and dashed lines are experimental results. 
The experimental results are from Lu et al. [178]. 

 
Figure 7.27: The effect of residence time on gas composition of wood sawdust gasi-
fication ( 2 wt.% wood sawdust + 2 wt.% CMC) in SCW at a pressure of 25 MPa 
and at a temperature of 650 °C. Solid lines are model predictions and dashed lines 
are experimental results. The experimental results are from Lu et al. [178]. 
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Figure 7.28: The effect of pressure on carbon gasification efficiency (CGE) and gasi-
fication efficiency (GE) of wood sawdust gasification ( 2 wt.% wood sawdust + 2 
wt.% CMC) in SCW at a residence time 27s and at a temperature of 650 °C. Solid 
lines are model predictions and dashed lines are experimental results. The experi-
mental results are from Lu et al. [178]. 

In addition, the yields of carbon dioxide and carbon monoxide are also in a rel-
atively good agreement as it can also be seen from Figure 7.27. Methane yield, on 
the other hand, is higher than the experimental study, whereas hydrogen yield is 
lower. Quite good agreements with the experimental results in CGE and GE can be 
seen, but disagreement in methane and hydrogen yields indicate that the gas form-
ing reaction rates of the proposed kinetic model are quite accurate, however, the 
stoichiometry of gas forming reactions are less accurate. The difference in hydro-
gen and methane yields might be due to the stoichiometry of the gas products in 
the lignin gasification pathway (see Figure 7.20 and Figure 7.21). The stoichiome-
try of the gas products was not reported in the cited references [239,241], hence the 
stoichiometric coefficients of the gas products in the lignin gasification pathway 
were derived by performing calculations using the RGibbs reactor of AspenPlusTM 
software at the temperature of the reactor (for this case 650 °C) assuming a direct 
gasification of the corresponding compounds with supercritical water. CO2, CH4, 
CO, H2 and C2H6 were selected as the only possible gas phase compounds in the 
RGibbs reactor and determined the stoichiometric coefficients of CO2, CH4, CO, H2 
and C2H6 for the direct gasification reactions in the lignin gasification pathway. It 
is also noteworthy that hydrogen, carbon dioxide and methane yields increase 
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with an increase in residence time, whilst the carbon monoxide concentration re-
duces by following a similar trend as the experimental results. This observation 
can be explained by the water gas shift reaction. The proposed kinetic model is al-
so in a quite good agreement with the experimental results in predicting the effect 
of pressure on CGE and GE at pressures between 25 and 30 MPa as it can be seen 
from Figure 7.28. However, the agreement is quite low at lower pressures. This is 
expected as the great majority of the kinetic data used in the proposed kinetic 
model is derived at pressures between 25 and 30 MPa. 

Figure 7.29 shows the effect of feedstock type on CGE and GE and the compari-
son between the model predictions with the experimental results. The composi-
tions of the biomass feedstocks are obtained from Phyllis database [246] and the 
samples of which the biochemical composition result in the most similar elemental 
composition with as the experimental results of the authors [178] were selected. It 
should be noted that 2% CMC was added to the biomass cellulose content for the 
overall feed composition. Furthermore, for the samples with less than 100% bio-
chemical and ash content, the remaining part was normalized to the biochemical 
content. Biochemical composition of the feedstocks that has been used as the input 
values throughout the simulations is given in Table 7.4.  

 
Figure 7.29: The effect of the type of biomass feedstock on carbon gasification effi-
ciency (CGE) and gasification efficiency (GE) (2 wt.% biomass + 2 wt.% CMC) in 
SCW at a residence time of 27s, at 25 MPa and at a temperature of 650 °C. Solid 
filled bars (CGE and GE) are model predictions and pattern filled bars (CGE* and 
GE*) are experimental results. The experimental results are from Lu et al. [178]. 
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Table 7.4: Input values for the SCWG of ligno-cellulosic biomass samples used in 
the kinetic model. The dry composition of the biomass feedstocks are obtained 
from Phyllis database [246]. 

 Rice Straw Peanut 
Shell 

Corn Stalk Corn Cob Wood 
Sawdust 

 (wt.%) (wt.%) (wt.%) (wt.%) (wt.%) 

Cellulose 2.79 2.77 2.91 3.04 2.99 

Hemicellulose 0.50 0.44 0.67 0.64 0.47 

Lignin 0.31 0.67 0.37 0.30 0.53 

Ash 0.40 0.12 0.06 0.02 0.01 

Total 4 4 4 4 4 

Water 96 96 96 96 96 

 

GE and CGE results show good agreement except for corn stalk as shown in 
Figure 7.29. The model predictions have a very good agreement with the experi-
mental results of Lu et al. [178] for corn cob. The main reason for some extent of 
disagreement for the other feedstocks might be due to the different biochemical 
compositions that were used for the simulations. Phyllis database [246] based bio-
chemical and ash analysis of the samples resulted in higher carbon and hydrogen 
and lower oxygen content for peanut shell and corn stalk as compared to the re-
ported values of Lu et al. [178]. The authors [178] provide the elemental analysis of 
the samples but not the biochemical composition. However, the proposed kinetic 
model is based on the decomposition reactions of the biochemical composition of 
biomass as shown in Figure 7.16 – Figure 7.21. Nevertheless, the proposed inte-
grated kinetic model gives quite reliable results on CGE, GE and gas yields at dif-
ferent process conditions.  

7.2.3.2. Validation for protein containing biomass 

Validation of the proposed kinetic model for protein containing biomass has been 
performed by comparing the model predictions with the experimental work of 
Nakamura et al. [77]. Here, the authors performed SCWG experiments of chicken 
manure. Their process included a liquefaction reactor that operates at 180 °C at 1.2 
MPa and a gasification reactor that operates at 600 °C and 25 MPa. Figure 7.30 
shows the experimental setup of Nakamura et al. [77] and the way it was modeled 
in AspenPlusTM for the simulations. Similar to the modeling of Lu et al. [178], here 
the second heat exchanger (HX2 in Figure 7.30a) is modeled as two plug flow reac-
tors in series as it heats up the feed stream from 180 °C to 420 °C in which the shift 
from subcritical to supercritical region takes place. In the model, the first part of 
the HX2 heats up the stream from 180 ° C to 370 °C (HEX-2-1 in Figure 7.30b) and 
here the subcritical region reactions were taken into account. The second part of 
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the HX2 heats up the stream from 370 ° C to 420 ° C (HEX-2-2 in Figure 7.30b) and 
here the supercritical region reactions were taken into account. As the heating pro-
files have not been given in the experimental work of the authors [77], linear heat-
ing profiles have been assumed for the heaters. 

Kinetic model simulations have been performed for two cases: i) biochemical 
composition of the chicken manure has been obtained from Phyllis database [246] 
and ii) biochemical composition of the chicken manure has been fitted to have the 
same elemental composition as given by Nakamura et al. [77].  

Table 7.5 shows the biochemical composition of the chicken manure used for 
the simulations. The comparison of the model predictions with the experimental 
results are given in Figure 7.31. It can be concluded that the model predictions 
based on the fitted composition is in a very good agreement with the experimental 
results for gas yields as well as the CGE. On the other hand, the model predictions 
based on the Phyllis database composition deviates from the experimental results, 
however, TOC based conversion efficiency is in very good agreement, which indi-
cates that the actual biochemical composition of the chicken manure used in the 
experimental work of Nakamura et al. [77] can be in between the Phyllis based 
composition and fitted composition. Thus, it can be concluded that the proposed 
kinetic model can also quite accurately predict the gas yields as well as the CGE 
for protein containing biomass feedstocks. 

 

Table 7.5: Biochemical composition of dry chicken manure sample used in the ki-
netic model. The composition of the chicken manure is obtained from Phyllis da-
tabase [246]. 

 

 Based on Phyllis com-
position 

Based on fitted compo-
sition 

 (wt.%) (wt.%) 

Cellulose 12 12 

Hemicellulose 24 8.76 

Lignin 2 12.14 

Protein 38 43.1 
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Figure 7.30: The experimental setup of Nakamura et al. [77] (a), and the way it was modeled in AspenPlusTM for the simulations 
(b). (a) is reprinted from [77].  
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Figure 7.31: Comparison of the model predictions with the experimental results for 
a 1.97 wt.% chicken manure gasification in SCW. The experimental results are 
from Nakamura et al. [77]. The residence times in the liquefaction and gasification 
reactors are 27 and 1.7 minutes, respectively. The liquefaction reactor operates at 
180 °C at 1.2 MPa and the gasification reactor operates at 600 °C and 25 MPa. 

7.2.4. Case studies: SCWG of microalgae, manure and paper pulp 

Using the proposed kinetic model, case studies have also been performed for 
the SCWG of microalgae, pig-cow manure mixture and paper pulp samples. The 
effect of residence time on the gas yields at the exit of the reactor has been investi-
gated. Reactor temperatures were chosen as 500 °C and 600 °C. The pressure was 
kept constant at 25 MPa and the dry biomass concentration in the feed was 10 
wt.%. Biochemical compositions of the biomass samples were obtained from Phyl-
lis database [246] and these are given in Table 7.6. 

Three tubular reactors were used in AspenPlusTM 8.2 software in order to simu-
late a real SCWG process: a heat exchanger, a heater and a reactor. Figure 7.32 
shows the process scheme that was used throughout the simulations.  

Table 7.6: Biochemical compositions of dry microalgae, pig-cow manure and 
paper pulp samples used for the case studies. The compositions are obtained from 
Phyllis database [246]. 

 Microalgae Pig-Cow Ma-
nure 

Paper Pulp 

 (wt.%) (wt.%) (wt.%) 

Cellulose 13.93 31.28 68.36 

Hemicellulose 31.98 34.05 19.08 

Lignin 2.98 16.64 12.55 

Protein 51.1 18.02 0 
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Figure 7.32: The process scheme that was used throughout the SCWG simulations 
of microalgae, pig-cow manure and paper pulp. 

The first tubular reactor was to simulate the heat exchanger (pre-heater) that 
heats up the feed stream from 25 °C to 370 °C. A linear temperature profile was as-
sumed among the heat exchanger length. All of the aforementioned reaction 
pathways for the subcritical region (55 reactions) were taken into account. The to-
tal residence time for the heat exchanger was assumed as 5 minutes and this was 
not varied. The second reactor was to simulate the heater that heats up the feed 
stream from 370 °C to the reactor operating temperature (500 or 600 °C). A linear 
temperature profile was assumed among the heater length. The total residence 
time in the heat exchanger was 20 s. The third reactor was to simulate the reactor 
in which the main reactions and conversion of biomass to gases took place. A con-
stant temperature profile was assumed along reactor length (500 or 600 °C). By 
changing the reactor length, the total residence time was varied from 5 to 60 sec-
onds. The results of the simulations are given in Figure 7.33. 

The results show that the trends for gas yields as well as the CGE are similar 
for all of the investigated biomass samples: CGE and total gas yields increase with 
an increase in temperature and residence time. These are expected phenomena as 
it is known that both of these parameters significantly enhance the gasification ef-
ficiency. On the other hand, the absolute values for CGE and total gas yields are 
different for all of the feedstocks as the biochemical composition of the investigat-
ed biomass samples are different from each other which results in different gasifi-
cation behavior in supercritical water. 
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Figure 7.33: The effect of residence time on the gas yields and CGE at the exit of 
the reactor for microalgae, pig-cow manure mixture and paper pulp at reactor 
temperatures of 500 and 600 °C. The pressure is 25 MPa and dry biomass concen-
tration in the feed is 10 wt.%. 

The results also show that even for a residence time of 60 s, barely 80 % CGE is 
achieved at a reactor temperature of 600 °C, which indicates that in order to 
achieve a full conversion, higher reactor temperatures and/or longer residence 
times are required. An interesting result that requires further explanation is the 
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behaviour of carbon monoxide. For all of the cases, carbon monoxide yield de-
creases with an increase in reactor temperature and residence time. This phenom-
enon is due to the water gas shift reaction: higher temperatures and longer resi-
dence times enhance the formation of carbon dioxide and hydrogen from carbon 
monoxide through the water gas shift reaction. In addition, hydrogen has the 
highest yield among the other gases at higher temperatures and longer residence 
times, which is in accordance with the previous thermodynamic equilibrium pre-
dictions: higher temperatures and longer residence times let the system approach 
towards its thermodynamic equilibrium state in which the hydrogen is the most 
dominant gas compound at low dry biomass concentrations (See Chapter 3). 

Another interesting result of the simulations was the thermal behaviour of the 
reactor. The simulations showed that at a reactor temperature of 500 °C, in order to 
keep the reactor at a constant temperature, additional heat is required. However, 
at a reactor temperature of 600 °C, exothermic reactions (such as water gas shift re-
action) become more dominant and the reactor shows an exothermic behavior. 
Figure 7.32 shows the Q value – which is the reactor’s heat duty in kW – to illus-
trate this effect. 

Unfortunately, the proposed reaction pathway is not dry biomass concentration 
sensitive as almost all of the reactions (except from al.et and g.met)  that have been 
used for the proposed kinetic model are based on first order reactions with respect 
to the biomass derived compound. Given the fact that most of the model biomass 
(glucose, xylose, guaiacol, amino acids) experiments in SCW [42,47,51,240–242] 
were conducted based on a couple of wt. % in the feed, ~10 wt.% is considered to 
be the maximum dry biomass concentration that the proposed kinetic model can 
reliably predict the conversion behavior of real biomass in supercritical water. One 
needs to derive the substantial part of the kinetic data using an nth order reaction 
approach in order to be able to observe an effect of concentration on the conver-
sion behavior.  

The proposed kinetic model has the potential to be linked with a multi-phase 
constrained thermodynamic equilibrium model (CEM) defined in Chapter 4: the 
decomposition and gasification products as well as CGE can be used as additional 
constraints in the CEM in order to observe the behavior of the inorganic content of 
the biomass in heaters and in the reactor to overcome possible clogging problems 
due to the precipitation of the salts. 

7.2.5. Conclusions 

Based on the published literature data, an integrated decomposition and gasifi-
cation kinetic model in Aspen PlusTM software for cellulose, hemicellulose, lignin 
and protein in sub– and supercritical water has been developed in order to model 
the supercritical water gasification of wet biomass feedstocks regarding the carbon 
gasification efficiency and gas yields. The model is capable of predicting reliable 
results for temperatures up to 650 °C, at pressures between 25 – 30 MPa, and at 
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dry matter concentrations up to 10 wt.% in the feed. The model involves 55 reac-
tions in the subcritical region and 74 reactions in the supercritical region. The vali-
dation of the model by comparing the experimental results of others has been per-
formed, and the results of the model were found to be in quite good agreement. 

The case studies for microalgae, pig-cow manure mixture and paper pulp show 
that the main trend for the gas yields and carbon gasification efficiency values are 
similar, however, the absolute values differ from each other due to the variability 
of the biochemical compositions. The results also show that even for a residence 
time of 60 s, barely 80 % CGE is achieved, which indicates that in order to achieve 
a full conversion, higher reactor temperatures and/or longer residence times are 
required. 

The current state of the model results in quite accurate predictions regarding 
the CGE and gas yields for SCWG of biomass samples, nevertheless, it can be im-
proved by introducing more detailed reaction pathways for some of the interme-
diates (such as glycolaldehyde, glycolic acid, levulinic acid, methylamine and 
ethylamine) and model compounds (such as D-xylose under subcritical conditions 
and amino acids other than glycine and alanine). 
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8. CONCLUDING REMARKS 

 

This final chapter summarizes the conclusions drawn in this dissertation in view of the 

scopes of the research stated in Chapter 1. Furthermore, suggestions and recommendations 
are given for future research. 
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8.1. CONCLUSIONS 

In line with the scope of this research as stated in Chapter 1: 

1. Thermodynamic equilibrium modeling can be a useful tool to obtain in-
sight into the SCWG of biomass systems as it shows the theoretical limits. 
Commercial software packages can be adequate for the modeling of most 
of the systems. Yet, a user defined thermochemical model has significant 
advantages over software packages: using more relevant EoS with updat-
ed thermodynamic databases for supercritical water conditions and the 
ability to introduce additional constraints. The gas phase composition as 
well as the solubility of the salts in supercritical water can be accurately 
predicted. However, in real experimental cases, most of the systems do 
not reach to their equilibrium state. This limits the application of thermo-
dynamic equilibrium approaches. The results show that lower reactor 
temperatures (~400 °C) and higher dry biomass concentrations (> 20 wt.%) 
in the feed enhances the CH4 yield. On the other hand, higher reactor 
temperatures (>600 °C) and lower dry biomass concentrations (~ 10 wt.%) 
in the feed enhance the H2 yield. The inorganic content of the biomass 
starts precipitating and forms various salts during the SCWG of biomass. 
Pressure appear to have an insignificant effect on the product yields.  

2. Constrained equilibrium approach takes into account the limiting effects 
that keep the system away from reaching equilibrium: partial conversions, 
low temperatures, char and tar formations, and short residence times. It is 
an alternative to kinetic modeling but can be coupled with it. Like kinetic 
modeling, a constrained equilibrium approach also requires process de-
pendent experimental results, however, the required data is significantly 
less than for the kinetic modeling approach. Carbon gasification efficiency 
appears to be the most important additional constraint as it indicates how 
far the system is away from its equilibrium state. Setting a constrained 
amount for a specific compound (either in the form of a constant or a line-
ar/non-linear time dependent function) as another constraint improves 
the accuracy of the model as the reactions are taken into account concur-
rently. Constrained equilibrium approach not only predicts the gas for-
mation behaviour, but also gives an insight into the process and the reac-
tions taking place inside the reactor. 

3. Experimental results show that the increase in reactor temperature results 
in higher carbon gasification efficiency and gasification efficiency values. 
These are expected observations as the reaction rates increase with an in-
crease of temperature. However, the relation between the reactor tempera-
ture and the gasification yield is also affected by the change of the temper-
ature profile along the preheating. Varying the feed flow rate shows a 
more complex behavior: even though a low feed flow rate results in higher 
gasification efficiency due to an increase residence time, a too low feed 
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flow rate causes a lack of fluidization inside the SCWG reactor resulting in 
a very low gasification efficiency and problems to reach steady state. The 
achieved highest carbon gasification efficiency for a 4.4 wt.% starch solu-
tion was 69 % at a feed flow rate of 24.5 kg/h and at a reactor temperature 
of 600 °C. 

4. Process modeling shows that the inorganic content of the biomass has an 
influence on both thermal behavior of the system as well as the final 
products. Low reactor temperatures (< 500 °C) and high dry biomass con-
centrations in the feed (> 20 wt.%) result in better thermal behavior when 
thermodynamic equilibrium is assumed, however, the integrated kinetic 
model shows that even for a reactor residence time of 60 s, barely 80 % 
CGE is achieved, which indicates that in order to achieve a full conversion, 
higher reactor temperatures and/or longer residence times are required. 
The results indicate that the presence of electrolytes influences the solubili-
ty of gases in gas/liquid separators. The increase in the mass fraction of 
the inorganic content of microalgae enhances the formation of CH4 and H2 
and decreases the required thermal energy for the reactor. The proposed 
integrated kinetic model is capable of predicting reliable results for tem-
peratures up to 650 °C, at pressures between 25 – 30 MPa, and at dry mat-
ter concentrations up to 10 wt.% in the feed. The kinetic model shows that 
the carbon gasification efficiency is very much dependent on the biochem-
ical composition of the biomass feedstock. Yet, for any type of biomass, 
carbon monoxide yield decreases with an increase in reactor temperature 
and residence time due to the water gas shift reaction. Another interesting 
result of the kinetic simulations was the thermal behaviour of the reactor. 
The simulations showed that at a reactor temperature of 500 °C, in order 
to keep the reactor at a constant temperature, additional heat is required. 
However, at a reactor temperature of 600 °C, exothermic reactions (such as 
water gas shift reaction) become more dominant and the reactor shows an 
exothermic behavior. 

8.2. RECOMMENDATIONS FOR FUTURE RESEARCH 

The research work described in this dissertation left many open issues of inter-
est for future research. 

8.2.1 Modeling study 

Thermodynamic equilibrium modeling: Throughout this dissertation, a cubic 
EoS, Peng-Robinson, was used in order to model the gas phase compounds. Alt-
hough the predictions are in a good agreement with the experimental results, dif-
ferent types of EoS can also be tested, such as PC-SAFT. In addition, the activity 
coefficient equation that was used for the neutral organic compounds predicts al-
most an ideality, however, it is known that the supercritical water conditions can 
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cause highly non-ideal behavior. Thus, a different activity coefficient model can be 
tested and the results can be compared. 

Constrained equilibrium modeling: The nature of the constrained equilibrium 
model leaves space for the introduction of even more constraints. These con-
straints can be nitrogen to NH3 conversion and tar formation efficiency. However, 
these constraints will then be based on the experimental results.  

Kinetic modeling: The kinetic modeling in this dissertation has been per-
formed under steady-state conditions. However, it is worthwhile to investigate the 
dynamic behavior of such a SCWG plant. In addition, new kinetic parameters are 
being constantly developed in the literature for the intermediates and these new 
parameters can be coupled with the integrated model. One can also use the de-
tailed kinetic modeling approach with unimolecular, bimolecular and third body 
reactions in order to determine the global kinetic parameters of water gas shift and 
methanation reactions under supercritical water conditions. 

8.2.2. Experimental study 

Due to the lack of time in the project, only a limited number of experiments 
were performed in order to test the performance of the newly constructed experi-
mental setup. Therefore, many new research works can be performed with the 
setup. 

The setup can be tested with known concentrations of starch and various salts 
in order to observe the behaviour of salt precipitation and the influence of gasifica-
tion efficiency. The formed salts can be separated from the exit of the reactor with 
a high temperature filter and characterized with an X-Ray diffraction method. Us-
ing the analysed gas composition and carbon gasification efficiency results as ad-
ditional constraints, the developed constrained equilibrium model can be tested 
for the prediction of inorganic elements. If the constrained equilibrium model ac-
curately predicts the formed solids, then it will enable to observe the salt precipita-
tion phenomenon in a more detailed way. 

During the experiments performed throughout this dissertation, only a 4.4 wt. 
% starch concentration in the feed was used. However, it is shown in Chapter 7 
that dry biomass concentrations higher than 10 wt. % are required for an auto-
thermal process. The setup can be tested at starch concentrations of 10 wt. % and 
higher. The experiments can be repeated using real biomass feedstocks as well. In-
vestigation of the gasification efficiencies, gas compositions and thermal behavior 
of the process for different kind of real biomass feedstocks under different process 
conditions would enable the optimization of supercritical water gasification pro-
cess for industrial scales. The analysis of the liquid effluent by means of compound 
and total organic carbon content characterization is also crucial for the waste 
treatment aspect of the supercritical water gasification process and would influ-
ence the optimum conditions. 
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Fluidization under supercritical conditions is an interesting physical phenome-
non to be investigated. However, the supercritical conditions make it hard to ena-
ble visual observation. One option can be the replacement of some section of the 
reactor with a tube made from sapphire. This would enable the visual observation 
of fluidization. In addition to the fluidization, also the salt formation phenomenon 
as well as the in situ analysis of the compounds with a Raman spectrophotometer 
can be observed visually with a reactor which has a section made from sapphire.  
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APPENDIX  

 

A. Selected compounds for the simulations presented in Chapter 3 

 

A1. Compounds selected in performing simulations with FactSage 5.4.1 and Si-
muSage 1.12 

 

Selected Solid Phase Compounds: 

C(s) NH2COONH4(s) NaHCO3(s) 

NH4N3(s) NH4HCO3(s) Na2CO3(H2O)10(s) 

CNH(NH2)(NHCN)(s) Na(s) NaNO2(s) 

N2O4(s) NaH(s) Mg(s) 

N2O5(s) C2Na2(s) MgH2(s) 

NH4NO3(s) NaCN(s) MgC2(s) 

CO(NH2)2(s) NaO2(s) Mg2C3(s) 

NH2CH2COOH(s) Na2O2(s) Mg3N2(s) 

S(s) NaS2(s) MgSO4(H2O)7(s) 

NH4HS(s) Na2S3(s) SiS(s) 

SO3(s) Na2S4(s) SiS2(s) 

(CH3)2SO2(s) Na2SO3(s) P2S3(s) 

(NH4)2(SO4)(s) Na2SO4(H2O)10(s) P4S3(s) 

(NH4)2SO4(NH3)3(s) MgS(s) P2S5(s) 

NH2CH2CH2SO3H(s) MgSO4(H2O)(s) P4S5(s) 

Na2S(s) MgSO4(H2O)6(s) P4S6(s) 

KClO4(s) Ca(NO3)2(H2O)2(s) 'Ca2Si'(s) 

Ca(s) Ca(NO3)2(H2O)3(s) (CaO)(SiO2)2(H2O)2(s) 

CaH2(s) Ca(NO3)2(H2O)4(s) (CaO)3(SiO2)2(H2O)3(s) 

CaC2(s) CaMg2(s) (CaO)4(SiO2)6(H2O)5(s) 

Ca3N2(s) CaMg(CO3)2(s) (CaO)5(SiO2)6(H2O)3(s) 

CaO2(s) CaSi(s) (CaO)6(SiO2)6(H2O)(s) 

CaC2O4(H2O)(s) 'CaSi2'(s) (CaO)8(SiO2)6(H2O)3(s) 

Ca(NO3)2(s) KCaCl3(s) (CaO)10(SiO2)12(H2O)11(s) 

SiO2(s) Na2SiO3(s) MgSiO3(s2) 

SiO2(s2) Na4SiO4(s) MgSiO3(s3) 

SiO2(s3) Na2Si2O5(s) MgSiO3(s4) 

SiO2(s4) Na2Si2O5(s2) MgSiO3(s5) 

SiO2(s5) Na2Si2O5(s3) MgSiO3(s6) 
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SiO2(s6) Na6Si2O7(s) MgSiO3(s7) 

SiO2(s7) Na6Si8O19(s) Mg2SiO4(s) 

SiO2(s8) MgSiO3(s) Mg2SiO4(s2) 

Ca3MgSi2O8(s) Na2OHNO3(s) NaMgCl3(s) 

NaOH(s) Na3(OH)2(NO3)(s) Na2MgCl4(s) 

NaOH(s2) Na2SO4(s) KOH(s) 

Na2CO3(s) Na2SO4(s2) KOH(s2) 

Na2CO3(s2) Na3(OH)(SO4)(s) K2CO3(s) 

Na2CO3(s3) MgSO4(s) K2CO3(s2) 

NaNO3(s) NaCl(s) KNO3(s) 

NaNO3(s2) MgCl2(s) KNO3(s2) 

Mg(OH)2(s) SiC(s) (P2O5)2(s) 

MgCO3(s) Si3N4(s) H3PO4(s) 

MgCO3(H2O)3(s) Mg2Si(s) (H3PO4)2(H2O)(s) 

MgC2O4(H2O)2(s) Mg3Si2O5(OH)4(s) (NH4)H2PO4(s) 

MgCO3(H2O)5(s) Mg3Si4O10(OH)2(s) Na3(PO4)(s) 

Mg(NO3)2(H2O)6(s) Mg7Si8O22(OH)2(s) Mg3P2(s) 

Si(s) P(s) Mg3P2O8(s) 

Si2H6(s) P3N5(s) SiP(s) 

P4S7(s) MgCl2(H2O)(s) KO2(s) 

NH4Cl(s) MgCl2(H2O)2(s) K2O2(s) 

NH4Cl(s2) MgCl2(H2O)4(s) KHCO3(s) 

CH3NH3Cl(s) MgCl2(H2O)6(s) K4C2O6(H2O)3(s) 

NH4ClO4(s) Mg(ClO4)2(H2O)6(s) KH2PO4(s) 

NH4ClO4(s2) K(s) K2HPO4(s) 

NaClO4(s) KH(s) K2S(s) 

Mg(OH)Cl(s) KCN(s) K2SO3(s) 

(CaO)10(SiO2)12(H2O)21(s) CaHPO4(H2O)2(s) (CaSO4)2(H2O)(s) 

(CaO)12(SiO2)6(H2O)7(s) Ca(H2PO4)2(H2O)(s) CaOCl2(s) 

CaOMgOSiO2(s) Ca5HO13P3(s) CaCl2(H2O)6(s) 

Ca2Mg5Si8O22(OH)2(s) Ca8H2(PO4)6(H2O) (s) Ca(ClO4)2(H2O)4(s) 

Ca3P2(s) CaS(s) Na2O(s) 

CaO6P2(s) CaSO3(s) Na2O(s2) 

Ca2P2O7(s) CaSO3(H2O)2(s) Na2O(s3) 

Ca3(PO4)2(s) CaSO4(H2O)2(s) MgO(s) 

Mg2SiO4(s3) K2Si4O9(s) Ca3SiO5(s) 

Na2MgSi4O10(s) K2Si4O9(s2) Ca3Si2O7(s) 

Na2Mg2Si6O15(s) CaO(s) Na4CaSi3O9(s) 

K2O(s) CaSiO3(s) Na2CaSi5O12(s) 

K2SiO3(s) CaSiO3(s2) Na2Ca2Si3O9(s) 

K2Si2O5(s) Ca2SiO4(s) Na2Ca3Si6O16(s) 

K2Si2O5(s2) Ca2SiO4(s2) CaMgSi2O6(s) 
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K2Si2O5(s3) Ca2SiO4(s3) Ca2MgSi2O7(s) 

K2(OH)(NO3)(s) K3Mg2Cl7(s) CaO(CaCl2)4(s2) 

K2SO4(s) Ca(OH)2(s) CaOHCl(s) 

K2SO4(s2) CaCO3(s) K2Ca(CO3)2(s) 

K3Na(SO4)2(s) CaCO3(s2) K2Ca2(CO3)3(s) 

KCl(s) CaSO4(s) K2Ca2(SO4)3(s) 

K2ClNO3(s) CaSO4(s2) 

 KMgCl3(s) CaCl2(s) 

 K2MgCl4(s) CaO(CaCl2)4(s) 

  

Selected Liquid Phase Compounds: 

N2H4(liq) HOOH(liq) N2O4(liq) 

HN3(liq) CH3OH(liq) (NH4)2O(liq) 

HCN(liq) C2H4O(liq) HONO2(liq) 

CH3NH2(liq) C2H4O(liq2) CH3NO2(liq) 

CH3NC(liq) CH3CH2OH(liq) CH3NO3(liq) 

(CH3)2NH(liq) HCOOH(liq) CH3CH2ONO2(liq) 

CH3N2H3(liq) CH3COOH(liq) Na(liq) 

(CH3)2N2H2(liq) (CH2OH)2(liq) C2Na2(liq) 

H2SO4(H2O)3(liq) Na2S3(liq) P4S7(liq) 

H2SO4(H2O)4(liq) Na2SO3(liq) CCl4(liq) 

H2SO4(H2O)6(liq) MgSO4(liq) C2Cl4(liq) 

(H2SO4)2(H2O)13(liq) MgSO4(H2O)(liq) C2H5Cl(liq) 

(CH3)2SO(liq) SiS2(liq) CH2Cl2(liq) 

Na2S(liq) P2S3(liq) CH2CCl2(liq) 

NaS2(liq) P4S3(liq) CH3CHCl2(liq) 

Na2S2(liq) P2S5(liq) CHCl3(liq) 

MgO(liq) NaCl(liq) Mg(liq) 

SiO2(liq) MgCl2(liq) Si(liq) 

K2O(liq) KOH(liq) (Na2O)(SiO2)(liq) 

CaO(liq) KNO3(liq) (Na2O)2(SiO2)(liq) 

NaOH(liq) KCl(liq) (Na2O)(SiO2)2(liq) 

Na2CO3(liq) CaCl2(liq) Na6Si2O7(liq) 

NaNO3(liq) NaCN(liq) CHClCCl2(liq) 

Na2SO4(liq) NaNO2(liq) CHCl2CH2Cl(liq) 

CHCl2CHCl2(liq) Mg2Si(liq) C2H4S(liq) 

NH4Cl(liq) P(liq) (CH3)2S(liq2) 

SiCl4(liq) H3PO4(liq) CH3SSCH3(liq) 

SiHCl3(liq) Mg3P2O8(liq) H2CS3(liq) 

PCl3(liq) S(liq) SO3(liq) 

OPCl3(liq) H2S2(liq) O2S(OH)2(liq) 

SCl2(liq) CS2(liq) H2SO4(H2O)(liq) 

ClSSCl(liq) CH3SH(liq) H2SO4(H2O)2(liq) 

K(liq) K2S(liq) CaSO4(liq) 

KCN(liq) K2SO3(liq) Na2O(liq) 

K2CO3(liq) K2SO4(liq) 
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K2SiO3(liq) Ca(liq) 
 K2Si2O5(liq) CaO6P2(liq) 

K2Si4O9(liq) Ca2P2O7(liq) 

 

Selected Gase Phase Compounds: 

 

H2(g) C2H5N(g) C2H4O(g2) 

C(g) O2(g) CH3CH2OH(g) 

CH4(g) CO(g) HCOOH(g) 

C2H4(g) CO2(g) CH3COOH(g) 

C2H6(g) HCO(g) N2O(g) 

N2(g) H2CO(g) NO2(g) 

NH3(g) CH3OH(g) NO3(g) 

HCN(g) CH2CO(g) HNO(g) 

HNCO(g) CH3SSCH3(g) CH2CCl2(g) 

S2(g) SO2(g) CH3CHCl2(g) 

H2S(g) SO3(g) C2Cl5H(g) 

CS(g) C2H4OS(g) 

CS2(g) CCl4(g) 

 CH3SH(g) C2Cl6(g) 

 C2H4S(g) C6Cl6(g) 

 (CH3)2S(g2) CH3Cl(g) 

 Selected Aqueous Phase Compounds: 

H[+](aq) NH3(aq) CH3NH3[+](aq) 

H2(aq) NH4[+](aq) (CH3)2NH2[+](aq) 

CH4(aq) N2H4(aq) O2(aq) 

C2H2(aq) N2H5[+](aq) OH[-](aq) 

C2H4(aq) HN3(aq) HO2[-](aq) 

C2H6(aq) CN[-](aq) HOOH(aq) 

N2(aq) HCN(aq) CO(aq) 

N3[-](aq) CH3NH2(aq) CO2(aq) 

Mg(C2O4)2[2-](aq) PH4[+](aq) HP2O7[3-](aq) 

Mg(C2H3O2)[+](aq) PO4[3-](aq) H2P2O7[2-](aq) 

MgHCO3[+](aq) P2O7[4-](aq) H3P2O7[-](aq) 

Mg(NH2CH2COO)[+](aq) HPO3[2-](aq) H4P2O7(aq) 

H2SiO3(aq) H2PO3[-](aq) (NH4)H2PO4(aq) 

H4SiO4(aq) HPO4[2-](aq) MgP2O7[2-](aq) 

HSi(OH)6[-](aq) H2PO4[-](aq) S[2-](aq) 

PH3(aq) H3PO4(aq) S2[2-](aq) 

CO3[2-](aq) CH3COOH(aq) (NH2)2CONH(aq) 

C2O4[2-](aq) HCO3[-](aq) NH2CH2COO[-](aq) 

CH3OH(aq) HC2O4[-](aq) NH2CH2COOH(aq) 



 

197 

 

C2H5O[-](aq) ONO[-](aq) CH2COOHNH3[+](aq) 

CH3CH2OH(aq) N2O2[2-](aq) Na[+](aq) 

HCOO[-](aq) NO3[-](aq) NaHCO3(aq) 

HCOOH(aq) HONO(aq) Mg[2+](aq) 

CH3COO[-](aq) CNO[-](aq) MgOH[+](aq) 

S3[2-](aq) SO3[2-](aq) S4O6[2-](aq) 

S4[2-](aq) SO4[2-](aq) S5O6[2-](aq) 

S5[2-](aq) S2O3[2-](aq) HSO3[-](aq) 

HS[-](aq) S2O4[2-](aq) HSO4[-](aq) 

H2S(aq) S2O5[2-](aq) HS2O4[-](aq) 

CNS[-](aq) S2O6[2-](aq) H2S2O4(aq) 

HCNS(aq) S2O8[2-](aq) NH2CH2CH2SO3[-](aq) 

SO2(aq) S3O6[2-](aq) NH2CH2CH2SO3H(aq) 

MgSO4(aq) ClO3[-](aq) Ca(C2H3O2)[+](aq) 

Cl[-](aq) ClO4[-](aq) CaSO4(aq) 

Cl2(aq) HOCl(aq) 

 Cl3[-](aq) HClO2(aq) 

CH3Cl(aq) ONCl(aq) 

 ClO[-](aq) K[+](aq) 

 ClO2[-](aq) Ca[2+](aq) 

ClO2(aq) CaOH[+](aq) 

 

A2. Simulation results using Kohler-Toop and Helgeson solution models for 
the subcritical region with FactSage 5.4.1 (section 3.1.2.3 Calculations in the sub-
critical region). 

 

Kohler-Toop model: Except from the aqueous solution database, the same da-
tabases and temperature interval have been used for the calculations based on 
Kohler-Toop model. For the aqueous solution compounds, a new database has 
been created using the Kohler-Toop solution model feature of FactSage. The ther-
modynamic data required for this new aqueous solution compounds have been 
acquired from the FACT53 database of the software. 

Helgeson model: For the calculations based on Helgeson model, FThelg data-
base has been used for the aqueous solution compounds. FThelg database of the 
software uses the thermodynamic properties provided by the SUPCRT92 software 
[170]. The database has thermodynamic data for 84 elements, 22 gaseous constitu-
ents, 1343 dilute aqueous constituents, and 192 pure condensed phases. Three con-
centration-dependent versions are included within the database: the ideal dilute 
solution model, the model with Debye–Hückel and Davies equations and the 
model with an extended Debye–Hückel and Davies equations [167]. The last one 
has been used for the calculations. 
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Among 358 aqueous compounds, 56 of them have been selected for the calcula-
tions. The criteria for the selection was to be consistent with the former 2 models 
by means of selecting the same aqueous compounds. To make the model more 
consistent within itself, instead of FACT53, FThelg database has been selected for 
solid carbon and 11 gas compounds: H2, CH4, C2H4, N2, NH3, O2, CO, CO2, H2S, S2, 
SO2. The SUPCRT92 software [170] has a temperature limitation of 350 °C for the 
ionic aqueous compounds. Besides, the simulations returned non-realistic results 
at temperatures higher than 350 °C. Thus, the temperature interval for this model 
has been chosen as 100 – 340 °C. 

 

A2.1. Results and discussions 

 

A2.1.1. Kohler-Toop model 

Behavior of elements: The results for the Kohler-Toop model are given in Fig-
ure A1 – Figure A10 which represent the results for 10 elements on compound and 
phase basis for the temperature region of 100 – 580 °C. Please note that for the 
temperature region of 100 – 389.6 °C, the calculations have been performed based 
on the aforementioned Kohler-Toop solution model and for the temperature re-
gion of 390 – 580 °C, the calculations have been performed based on the aforemen-
tioned supercritical region model. After performing numerous trial and error cal-
culations, 367 °C has found to be the temperature which the phase transition of 
water is completed. Below this temperature, both liquid and vapor phase for water 
exist in an equilibrium, however above this temperature only vapor phase exists 
for water. The reason for a 22.6 °C of difference is that although Kohler-Toop solu-
tion model feature of FactSage takes into account of the effect of gases on the de-
crease of phase transition temperature of water, it does not take into account of the 
effect of ions on the increase of phase transition temperature for water. Thus, it can 
be stated that at 240 bars the formation of gases decreases the pseudo-critical point 
of water from 381.2 °C [12] to 367 °C, whereas the formation of ions increases to 
389.6 °C. To make the two models in consistent with each other,  389.6 °C has been 
accepted to be the phase transition temperature for Kohler-Toop model as well. 
The results do not include the elements H and O as the great majority of these two 
elements form H2O either in liquid or gas state.  

The results show that molar fractions of elements are in agreement with the 
Henrian model (see Figure 3.3 – Figure 3.12) except for the temperatures  between 
367 °C  and 389.6 °C. The reason for this difference is that in Kohler-Toop model 
phase transition for water completes at 367 °C. Unlike Henrian and Helgeson 
model, Kohler-Toop model performs calculations assuming that liquid water and 
the other aqueous compounds form a multicomponent solution where the water is 
not a solvent but a part of the solution instead. From 367 °C to 389.6 °C as there is 
no liquid water, the reactions in gas phase and the nature of aqueous solution 
change which causes irrationalities in results such as having aqueous species at 
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380 and 389.6 °C although there is no liquid water in the system. For this reason, 
the results at these temperatures will not be discussed.  

Figure A1 shows the molar fractions of carbon compounds in Kohler-Toop 
model. The results show that for the temperature region of 100 – 300 °C, the two 
models are in a very good agreement with each other. At temperatures 340 °C and 
360 °C, there is a remarkable difference for aqueous and gas methane. Although 
the sum of these two compounds are the same for both models, Kohler-Toop mod-
el gives less gas methane and more aqueous methane as a result. The difference 
between the two models are more likely due to the rapid decrease in liquid water 
amount at these temperatures which causes a change in the nature of aqueous so-
lution. Another explanation could be the difference in aqueous methane databases 
as the Henrian model uses the Gibbs free energy data obtained by Helgeson EOS 
results at 240 bars. 

Figure A2 shows the molar fractions of calcium compounds in Kohler-Toop 
model. Hydroxyapatite is the only stable compound for the temperature region of 
100 – 360 °C. The only difference between the Henrian model is the shift in the 
formation temperature of devitrite. In Kohler-Toop model, devitrite is formed at 
380 °C and 389.6 °C, whereas in Henrian model it is only at 360 °C. This can be ex-
plained by the difference in sodium ion concentration in aqueous solution phase 
for the temperature region of 360 – 389.6 °C (see Figure A7).  

Figure A3 and Figure A4 show the molar fractions of chloride and potassium 
compounds in Kohler-Toop model, respectively. Like the Henrian model, the only 
stable compound of these elements are the ionic forms in aqueous solution for the 
temperature region of 100 – 360 °C.  

Figure A5 shows the molar fractions of magnesium compounds in Kohler-Toop 
model. Both Henrian and Kohler-Toop model have the same results on compound 
and amount basis for the temperature region of 100 – 340 °C. At 360 °C, there is a 
significant difference between the molar amounts of talc and chrysot between the 
models. Although there is not any magnesium compound which is formed with 
the contribution of sodium, the reason for this difference comes from the ionic so-
dium amount difference at 360 °C (see Figure 3.9 and Figure A7). This difference 
results in the formation of devitrite in Henrian model which causes the change in 
silicon compounds (see Figure 3.12 and Figure A10) in these two models. As both 
talc and chrysot are stable magnesium-silicon compounds at 360 °C, their amount 
are affected by the change in silicon amount. 

Figure A6 shows the molar fractions of nitrogen compounds in Kohler-Toop 
model. The results show that the two models have similar trends for the formed 
compounds for the temperature region of 100 – 360 °C and the amount of nitrogen 
gas and aqueous nitrogen are less than 10% different than the Henrian model. In 
Kohler-Toop model, the aqueous nitrogen amount is higher at 100 °C, however be-
tween the temperatures 150 – 360 °C it is lower. 
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Figure A7 and Figure A8 show the molar fractions of sodium and phosphorus 
compounds in Kohler-Toop model, respectively. For the temperature region of 100 
– 340 °C, the results are in agreement with the Henrian model, whereas there is a 
difference at 360 °C. In Kohler-Toop model, the amount of aqueous compounds 
are different than the Henrian model at this temperature. The reason for the differ-
ence of the Henrian model is most likely due to the rapid decrease in the amount 
of liquid water at 360 °C (see Figure 3.14) which would cause: a change in the na-
ture of the aqueous solution, a decrease in the amount of the aqueous sodium ion, 
formation of devitrite, a decrease in the amount of hydroxyapatite and an increase 
in the amount of HP2O7

3-. In contrast, as stated above, Kohler-Toop model per-
forms calculations assuming that liquid water and the other aqueous compounds 
form a multicomponent solution where the water is not a solvent but a part of the 
solution instead, so the decrease in the liquid water amount does not directly im-
pact on the other aqueous compounds. 

Figure A9 and Figure A10 show the molar fractions of sulphur and silicon 
compounds in Kohler-Toop model, respectively. For the temperature region of 100 
– 360 °C, the results of the sulphur compounds are almost the same with the re-
sults of Henrian model and for the silicon compounds, it only changes at 360 °C. 
As stated above, the reason for the difference concerning for silicon at 360 °C 
comes from the formation of devitrite due to the change in the ionic sodium 
amount. 

Generally, it can be stated that the results of the Kohler-Toop model are almost 
the same with the results of Henrian model for the temperature region of 100 – 340 
°C. There are some differences between these two models at 360 °C due to the rap-
id decrease in the amount of liquid water and the way how the model performs 
the calculations for the aqueous compounds. The very good agreement between 
these two models for the region where the water amount is high makes the model 
reliable to use for the aqueous hydrates for the supercritical region calculations. 
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Figure A1: Mole fractions of carbon compounds during SCW gasification of ma-
nure at 24 MPa with a water weight fraction of 80% at different temperatures. The 
results for the subcritical region are based on the aforementioned Kohler-Toop 
model. 

 
Figure A2: Mole fractions of calcium compounds during SCW gasification of ma-
nure at 24 MPa with a water weight fraction of 80% at different temperatures. The 
results for the subcritical region are based on the aforementioned Kohler-Toop 
model. 
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Figure A3: Mole fractions of chloride compounds during SCW gasification of ma-
nure at 24 MPa with a water weight fraction of 80% at different temperatures. The 
results for the subcritical region are based on the aforementioned Kohler-Toop 
model. 

 
Figure A4: Mole fractions of potassium compounds during SCW gasification of 
manure at 24 MPa with a water weight fraction of 80% at different temperatures. 
The results for the subcritical region are based on the aforementioned Kohler-Toop 
model. 
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Figure A5: Mole fractions of magnesium compounds during SCW gasification of 
manure at 24 MPa with a water weight fraction of 80% at different temperatures. 
The results for the subcritical region are based on the aforementioned Kohler-Toop 
model. 

 
Figure A6: Mole fractions of nitrogen compounds during SCW gasification of ma-
nure at 24 MPa with a water weight fraction of 80% at different temperatures. The 
results for the subcritical region are based on the aforementioned Kohler-Toop 
model. 
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Figure A7: Mole fractions of sodium compounds during SCW gasification of ma-
nure at 24 MPa with a water weight fraction of 80% at different temperatures. The 
results for the subcritical region are based on the aforementioned Kohler-Toop 
model. 

 
Figure A8: Mole fractions of phosphorus compounds during SCW gasification of 
manure at 24 MPa with a water weight fraction of 80% at different temperatures. 
The results for the subcritical region are based on the aforementioned Kohler-Toop 
model. 
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Figure A9: Mole fractions of sulphur compounds during SCW gasification of ma-
nure at 24 MPa with a water weight fraction of 80% at different temperatures. The 
results for the subcritical region are based on the aforementioned Kohler-Toop 
model. 

 
Figure A10: Mole fractions of silicon compounds during SCW gasification of ma-
nure at 24 MPa with a water weight fraction of 80% at different temperatures. The 
results for the subcritical region are based on the aforementioned Kohler-Toop 
model. 
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A2.1.2. Helgeson model 

Behavior of elements: The results for the Helgeson model are given in Figure 
A11 - Figure A20 which represent the results for 10 elements on compound and 
phase basis for the temperature region of 100 – 340 °C and 390 – 580 °C. Please 
note that for the temperature region of 100 – 340 °C, the calculations have been 
performed based on the aforementioned Helgeson aqueous solution model and for 
the temperature region of 390 – 580 °C, the calculations have been performed 
based on the aforementioned supercritical region model. The results do not in-
clude the elements H and O as the great majority of these two elements form H2O 
either in liquid or gas state.  

Figure A11 shows the molar fractions of carbon compounds in Helgeson mod-
el. The results are significantly different from the other two models. First of all, 
aqueous NaHCO3 is not formed at 100 °C with this model. The reason is that in 
FThelg database NaHCO3 is not defined. Secondly, the amount of dissolved gases 
in the aqueous phase are significantly higher in this model as Helgeson EOS takes 
the effect of pressure on thermodynamic properties into account [170] which re-
sults in different Gibbs free energy values and activity coefficients for aqueous 
compounds. Furthermore, the amount of solid carbon and the total amount of car-
bon dioxide and methane in aqueous and gas phases are in a very good agreement 
with the other two models. This is an indication of how the effect of pressure on 
the thermodynamic properties of aqueous and gaseous compounds are significant 
and how this effect is insignificant for the solid compounds. 

 Figure A12, Figure A13 and Figure A14 show the molar fractions of calcium, 
chloride and potassium compounds in Helgeson model, respectively. The results 
are the same with the other two models for the temperature region of 100-340 °C. 

Figure A15 shows the molar fractions of magnesium compounds in Helgeson 
model. For the temperature region of 100 – 200 °C, the results are the same with 
the other two models except for the ionic magnesium compound. As MgP2O7

2- is 
not defined in FThelg database, the ionic magnesium compound is the magnesium 
ion (Mg2+) itself in Helgeson model. It seems that the trend in the other two mod-
els is shifted to lower temperatures in Helgeson model which the formation of talc 
is observed at 250 °C and chrysot is at 340 °C. The reason for the difference comes 
from the change in the amount of magnesium carbonate. As the FThelg database 
has been used for the rest of the carbon compounds, the equilibrium within the 
carbon compounds has changed which resulted in a change in magnesium car-
bonate amount, thus changed the equilibrium within the magnesium compounds. 

Figure A16 shows the molar fractions of nitrogen compounds in Helgeson 
model. The results show that there are significant differences between the Helge-
son model and the other two models. The amount of dissolved nitrogen gases in 
aqueous phase (N2 (aq) and NH3 (aq)) are significantly higher in Helgeson model 
due to the usage of Helgeson EOS. 
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Figure A17 shows the molar fractions of sodium compounds in Helgeson mod-
el. The results are in an agreement with the other two models in a way that sodium 
is only stable in aqueous phase. As the FThelg database does not have thermody-
namic data for the aqueous sodium bicarbonate, sodium is only stable in ionic 
form (Na+) for the temperature region of 100 – 340 °C. 

Figure A18 shows the molar fractions of phosphorus compounds in Helgeson 
model. The results show that the total amount of aqueous phase in all of the mod-
els are the same, however, the amount and type of compounds are different. There 
two reasons for the difference: i) in FThelg database MgP2O7

2- is not defined and in 
FACT53 database, H2PO4

- and  P2O7
4- are not defined and ii) using Helgeson EOS 

results in difference in the equilibrium composition of these aqueous compounds.  

Figure A19 shows the molar fractions of sulphur compounds in Helgeson 
model. The results show that for the temperature region of 100 – 200 °C, sulphuric 
acid hexahydrate is also the only stable sulphur compound in Helgeson model. 
Compared to the other two models, the decomposition of sulphuric acid to aque-
ous sulphur compounds is higher at 250 °C. At 300 °C, the amount of hydrogen 
sulfide gas is significantly lower and at 340 °C hydrogen sulfide ion is the most 
stable aqueous sulphur compounds. For the temperature region of 250 – 340 °C, 
hydrogen sulfide amount in the aqueous phase is significantly higher. The lack of 
ionic sulphur data in FThelg database and using Helgeson EOS are the reasons for 
these significant differences. 

Figure A20 shows the molar fractions of silicon compounds in Helgeson model. 
The results show that for the temperature region of 100 – 250 °C, quartz is the only 
stable silicon compound and at 300 °C talc is the only stable silicon compound as 
silicic acid compounds are not defined in FThelg database. Compared to the other 
two models, the formation of chrysot is shifted from 360 °C to 340 °C in Helgeson 
model. The difference at this temperature is due to the change in MgCO3 amount 
as stated above. 

Generally, it can be stated that there are significant differences in the molar 
fractions of some elements as the Helgeson model uses Helgeson EOS which is 
more accurate for high temperature and high pressure aqueous compounds. In 
contrast to the other two models, Helgeson EOS takes the effect of pressure on 
thermodynamic properties into account which results in different Gibbs free ener-
gy values and activity coefficients for aqueous compounds. The other reason is 
that FThelg database of FactSage does not include all of the aqueous species of 
FACT53 database or vice versa. 
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Figure A11: Mole fractions of carbon compounds during SCW gasification of ma-
nure at 24 MPa with a water weight fraction of 80% at different temperatures. The 
results for the subcritical region are based on the aforementioned Helgeson model. 

 

 
Figure A12: Mole fractions of calcium compounds during SCW gasification of ma-
nure at 24 MPa with a water weight fraction of 80% at different temperatures. The 
results for the subcritical region are based on the aforementioned Helgeson model. 
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Figure A13: Mole fractions of chloride compounds during SCW gasification of 
manure at 24 MPa with a water weight fraction of 80% at different temperatures. 
The results for the subcritical region are based on the aforementioned Helgeson 
model. 

 
Figure A14: Mole fractions of potassium compounds during SCW gasification of 
manure at 24 MPa with a water weight fraction of 80% at different temperatures. 
The results for the subcritical region are based on the aforementioned Helgeson 
model. 
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Figure A15: Mole fractions of magnesium compounds during SCW gasification of 
manure at 24 MPa with a water weight fraction of 80% at different temperatures. 
The results for the subcritical region are based on the aforementioned Helgeson 
model. 

 
Figure A16: Mole fractions of nitrogen compounds during SCW gasification of 
manure at 24 MPa with a water weight fraction of 80% at different temperatures. 
The results for the subcritical region are based on the aforementioned Helgeson 
model. 
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Figure A17: Mole fractions of sodium compounds during SCW gasification of ma-
nure at 24 MPa with a water weight fraction of 80% at different temperatures. The 
results for the subcritical region are based on the aforementioned Helgeson model. 

 
Figure A18: Mole fractions of phosphorus compounds during SCW gasification of 
manure at 24 MPa with a water weight fraction of 80% at different temperatures. 
The results for the subcritical region are based on the aforementioned Helgeson 
model. 

0%

20%

40%

60%

80%

100%

100 150 200 250 300 340 360 380 389.60 390 400 420 460 500 540 580
Temperature (°C)  

Mole Fractions of Sodium 
Na⁺ (aq) Na₂CO₃ (ss with K₂CO₃) NaCl (ss with KCl)

NaCl (aqueous hydrate) Na₂CO₃ (aqueous hydrate) Na₃(PO4)(s) 

0%

20%

40%

60%

80%

100%

100 150 200 250 300 340 360 380 389.60 390 400 420 460 500 540 580

Temperature (°C)  

Behaviour of Phosporus 
HPO₄²⁻(aq) HP₂O₇³⁻ (aq) H₂P₂O₇²⁻ (aq) 

Ca₅HO₁₃P₃_hdroxyapat(s) K₂HPO₄(s) Na₃(PO₄)(s) 

H₂PO₄⁻ (aq) P₂O₇⁴⁻ (aq) 



APPENDIX 

212 

 

 
Figure A19: Mole fractions of sulphur compounds during SCW gasification of ma-
nure at 24 MPa with a water weight fraction of 80% at different temperatures. The 
results for the subcritical region are based on the aforementioned Helgeson model. 

 
Figure A20: Mole fractions of silicon compounds during SCW gasification of ma-
nure at 24 MPa with a water weight fraction of 80% at different temperatures. The 
results for the subcritical region are based on the aforementioned Helgeson model. 
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A2.2. Conclusions 

Henrian and Kohler-Toop models are in a very good agreement for the tem-
perature region of 100 – 340 °C. There are some differences between these two 
models at 360 °C due to the rapid decrease in the amount of liquid water and the 
way how the Kohler-Toop model performs the calculations for the aqueous com-
pounds. The agreement between the Kohler-Toop and the other models for the re-
gion where the water amount is high (100 – 340 °C) makes the Kohler-Toop model 
reliable to use for the aqueous hydrates for the supercritical region calculations. 

The results of the Helgeson model for some of the compounds are significantly 
different from the other two models as the Helgeson model uses FThelg database 
and Helgeson EOS for the calculations. 

Taking the effect of pressure on thermodynamic properties of aqueous com-
pounds makes Helgeson model more realistic for the subcritical region. However, 
as Helgeson EOS has a temperature limitation of 350 °C for the aqueous ionic 
compounds, the temperature region of 350 – 389.6 °C remains as a mystery for this 
model. Even the results at temperatures between 340 and 350 °C show irrationali-
ties for some of the compounds. On the other hand, for the temperature region of 
367 – 389.6 °C, also the Kohler-Toop model gives irrational results. These con-
straints make the Henrian model the only applicable model for the temperature 
region of 340 – 389.6 °C. One can consider using the Helgeson model for the region 
of 100 – 340 °C and the Henrian model for the region of 340 – 389.6 °C.  

 

A3. Compounds selected in performing simulations with the developed 
thermodynamic equilibrium model 

Selected Pure Condensed Phase Compounds: 

C(s) NH4HCO3(s)  Na2CO3(H2O)10(s) 

NaCl(s) Na(s) NaNO2(s) 

NH4N3(s) NaH(s) Mg(s) 

CNH(NH2)(NHCN)(s)  C2Na2(s) MgH2(s) 

N2O4(s) NaCN(s) MgC2(s) 

N2O5(s) NaO2(s) Mg2C3(s) 

NH4NO3(s) Na2O2(s)  Mg3N2(s) 

CO(NH2)2(s) NaHCO3(s) Mg(OH)2(s) 

S(s) NaS2(s) SiS(s) 

NH4HS(s) Na2S3(s) SiS2(s) 

SO3(s) Na2S4(s) P2S3(s) 

(CH3)2SO2(s) Na2SO3(s) P4S3(s) 

(NH4)2(SO4)(s) Na2SO4(H2O)10(s) P2S5(s) 

(NH4)2SO4(NH3)3(s) MgS(s) P4S5(s) 

NH2CH2CH2SO3H(s)   MgSO4(H2O)6(s) P4S6(s) 

Na2S(s)  MgSO4(H2O)7(s) P4S7(s) 

KClO4(s2) Ca(NO3)2(H2O)2(s) (CaO)(SiO2)2(H2O)2(s) 
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Ca(s) Ca(NO3)2(H2O)3(s) (CaO)3(SiO2)2(H2O)3(s) 

CaH2(s) Ca(NO3)2(H2O)4(s) (CaO)4(SiO2)6(H2O)5(s) 

CaC2(s) CaMg2(s) (CaO)5(SiO2)6(H2O)3(s) 

Ca3N2(s) CaMg(CO3)2(s)  (CaO)6(SiO2)6(H2O)(s) 

CaO2(s) CaSi(s) (CaO)8(SiO2)6(H2O)3(s) 

CaC2O4(H2O)(s) CaSi2(s) (CaO)10(SiO2)12(H2O)11(s) 

Ca(NO3)2(s) Ca2Si(s) (CaO)10(SiO2)12(H2O)21(s) 

SiO2(s2) Na4SiO4(s) Na2MgSi4O10(s) 

SiO2(s3) Na2Si2O5(s) Na2Mg2Si6O15(s) 

SiO2(s4) Na2Si2O5(s2) K2O(s) 

SiO2(s5) Na2Si2O5(s3) K2SiO3(s) 

SiO2(s6) Na6Si2O7(s) K2Si2O5(s) 

SiO2(s7) Na6Si8O19(s)  K2Si4O9(s) 

SiO2(s8) MgSiO3(s) CaO(s) 

Na2SiO3(s) Mg2SiO4(s) CaSiO3(s) 

MgCO3(s)  MgSO4(H2O)(s) (P2O5)2(s) 

MgCO3(H2O)3(s) Si3N4(s) H3PO4(s) 

MgC2O4(H2O)2(s) Mg2Si(s) (H3PO4)2(H2O)(s) 

MgCO3(H2O)5(s) Mg3Si2O5(OH)4(s) (NH4)H2PO4(s)  

Mg(NO3)2(H2O)6(s) Mg3Si4O10(OH)2(s) Na3(PO4)(s) 

Si(s) Mg7Si8O22(OH)2(s) Mg3P2(s) 

Si2H6(s)  P(s) Mg3P2O8(s) 

SiC(s) P3N5(s) SiP(s) 

NH4Cl(s) MgCl2(H2O)2(s) K2O2(s) 

CH3NH3Cl(s) MgCl2(H2O)4(s) KHCO3(s) 

NH4ClO4(s) MgCl2(H2O)6(s) K4C2O6(H2O)3(s) 

NH4ClO4(s2) Mg(ClO4)2(H2O)6(s) KH2PO4(s) 

NaClO4(s) K(s) K2HPO4(s) 

NaClO4(s2) KH(s) K2S(s) 

Mg(OH)Cl(s) KCN(s) K2SO3(s) 

MgCl2(H2O)(s) KO2(s) KClO4(s1) 

(CaO)12(SiO2)6(H2O)7(s) Ca(H2PO4)2(H2O)(s) CaOCl2(s) 

CaOMgOSiO2(s) Ca5HO13P3(s) CaCl2(H2O)6(s) 

Ca2Mg5Si8O22(OH)2(s) Ca8H2(PO4)6(H2O)5(s) Ca(ClO4)2(H2O)4(s) 

Ca3P2(s) CaS(s) Na2O(s) 

CaO6P2(s) CaSO3(s) Na2O(s2) 

Ca2P2O7(s) CaSO3(H2O)2(s) Na2O(s3) 

Ca3(PO4)2(s) CaSO4(H2O)2(s) MgO(s) 

CaHPO4(H2O)2(s) (CaSO4)2(H2O)(s) SiO2(s) 

Ca2SiO4(s) Ca2MgSi2O7(s)  Na3(OH)(SO4)(s) 

Ca3SiO5(s) Ca3MgSi2O8(s) MgSO4(s) 

Ca3Si2O7(s) NaOH(s) MgCl2(s) 
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Na4CaSi3O9(s) Na2CO3(s) NaMgCl3(s) 

Na2CaSi5O12(s) NaNO3(s) Na2MgCl4(s) 

Na2Ca2Si3O9(s) Na2OHNO3(s) KOH(s) 

Na2Ca3Si6O16(s) Na3(OH)2(NO3)(s) K2CO3(s) 

CaMgSi2O6(s) Na2SO4(s) KNO3(s) 

K2(OH)(NO3)(s) Ca(OH)2(s) K2Ca2(SO4)3(s) 

K2SO4(s) CaCO3(s) KCaCl3(s) 

K3Na(SO4)2(s) CaSO4(s) H3PO4(liq) 

KCl(s) CaCl2(s) H2SO4(H2O)(liq) 

K2ClNO3(s) CaO(CaCl2)4(s) H2SO4(H2O)2(liq) 

KMgCl3(s) CaOHCl(s) H2SO4(H2O)3(liq) 

K2MgCl4(s) K2Ca(CO3)2(s) H2SO4(H2O)4(liq) 

K3Mg2Cl7(s) K2Ca2(CO3)3(s) H2SO4(H2O)6(liq) 

 

Selected Gase Phase Compounds: 

H2O(g) H2S(g) 

H2(g) C2H4(g) 

O2(g) C2H6(g) 

CH4(g) C3H6(g) 

CO(g) C3H8(g) 

CO2(g) 

 N2(g) 

 NH3(g) 

  

Selected Solution Phase Compounds: 

H2O ClO3- H2PO4- 

Ca+2 ClO4- H3P2O7- 

CaCl+ CN- HCO2- 

CaHCO3+ CO3-2 HCO3- 

CaOH+ H+ HO2- 

Cl- H2P2O7-2 HP2O7-3 

ClO- H2PO2- HPO3-2 

ClO2- H2PO3- HPO4-2 

HS- KSO4- NO3- 

HS2O3- Mg+2 OH- 

HS2O4- MgCl+ P2O7-4 

HSiO3- MgOH+ PO4-3 

HSO3- Na+ S2-2 

HSO4- NaSO4- S2O3-2 

HSO5- NH4+ S2O4-2 

K+ NO2- 2O5-2 

S2O6-2 SO3-2 H2(aq) 
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S2O8-2  SO4-2 H2S(aq) 

S3-2  CaCl2(aq) H2S2O3(aq) 

S3O6-2 CaCO3(aq) H2S2O4(aq) 

S4-2 CaSO4(aq) H3PO2(aq) 

S4O6-2 CH4(aq) H3PO3(aq) 

S5-2 CO(aq) H3PO4(aq) 

S5O6-2 CO2(aq) HClO(aq) 

HCN(aq) NaHSiO3(aq) 

HNO3(aq) NaOH(aq) 

KCl(aq) NH3(aq) 

 KHSO4(aq) O2(aq) 

 KOH(aq) SiO2(aq) 

 MgCO3(aq) SO2(aq) 

 N2(aq) 

  NaCl(aq) 

   

Selected Aqueous Hydrate Complexes: 

NaCl(aq) KH2PO4(aq) 

KCl(aq) MgSO4(aq) 

NaNO3(aq) Na2SO4(aq) 

KNO3(aq) Na2CO3(aq) 

MgCl2(aq) SiO2(aq) 

CaCl2(aq) KOH(aq) 
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APPENDIX B. Algae case input details for the simulations performed in Chap-
ter 4 

Table B1. Elemental compositions of the algae sample (Nannochloropsis sp.) 
used as an input for the simulations given in section “4.3.3. Algae case”. 

Component Mole Input Mass (g) 

(C) Carbon 36.05329 433.0253 

(H) Hydrogen 59.527 59.99964 

(O) Oxygen 15.6875 250.9906 

(N) Nitrogen 4.571 64.02463 

(S) Sulfur 0.156 5.00214 

(Ca) Calcium 1.871351 75 

(Cl) Chlorine 1.833413 65 

(K) Potassium 0.383648 15 

(Mg) Magnesium 0.411438 10 

(Na) Sodium 0.086995 2 

(P) Phosphorus 0.628178 19.457 

(Si) Silicon 0.017803 0.5 

Please note that the mole input for C, H, O, N and S elements is from the au-
thors’ work [247] and the remaining elements are based on the composition given 
in [115]. 

Table B.2. Selected gas phase compounds 

H2O CH4 N2 C2H6 

H2 CO NH3 SO2 

O2 CO2 H2S  
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Table B.3. Selected liquid phase compounds 

Formic Acid 
(CH2O2)  

Oxalic Acid  

(H2C2O4) 
Aspartic Ac-
id (C4H7NO4) 

Glutamine 
(C5H10N2O3) 

Lysine  

(C6H14N2O2) 
Thymine 
(C5H6N2O2) 

Acetaldehyde 
(C2H4O) 

Phenol  

(C6H6O) 
Cysteine 
(C3H7NO2S) 

Glycine  

(C2H5NO2) 

Lyxose  

(C5H10O8) 
Valine 
(C5H11NO2) 

Acetic Acid 
(C2H4O2) 

Propanoic Ac-
id (C3H6O2) 

Cytidine 
(C9H13N3O5) 

Glycolic-
Acid 
(C2H4O3) 

m-Cresol 
(C6H4OHCH3) 

Xylose  

(C5H10O6) 

Ethanol  

(C2H6O) 
Acetamide 
(CH3CONH2) 

Cytosine 
(C4H5N3O) 

Guanine 
(C5H5N5O) 

o-Cresol 
(C6H4OHCH3) 

Xylulose 
(C5H10O9) 

Formaldehyde 
(CH2O) 

Adenine  

(C5H5N5) 
Ethylamine 
(C2H5NH2) 

Guanosine 
(C10H13N5O5) 

p-Cresol 
(C6H4OHCH) 

Methyla-
mine 
(CH3NH2) 

Glucose  

(C6H12O6) 

Alanine  

(C3H7NO2) 
Ethanethiol 
(C2H5SH) 

Histidine 
(C6H9N3O2) 

Proline  

(C5H9NO2) 
Toluene 
(C6H5CH3) 

Lactic Acid  

(C3H6O3) 
Arginine 
(C6H14N4O2) 

Ethylben-
zene 
(C6H5C2H5) 

Isoleucine 
(C6H13NO2) 

Threonine 
(C4H9NO3) 

Benzene  

(C6H6) 

Methanol  

(CH4O) 
Asparagine 
(C4H8N2O3) 

Glutamic-
Acid 
(C5H9NO4) 

Leucine 
(C6H13NO2) 

Thymidine 
(C10H14N2O6) 
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B.2 Constraints that were used throughout the simulations in Chapter 4 

Table B.4 The constraints that have been used for the different cases shown in 
Figure 4.1 – Figure 4.9 

Figures Constraints 

 CGE DCC HGE H2 
amount 

CH4 
amount 

CO2 
amount 

C2H6 

amount 

Figure 4.1 Approach I X X      

Approach II X X      

 GTE        

Figure 4.2 Approach I X X      

 Approach II X X      

 GTE        

Figure 4.3 Approach I X X      

 Approach II X X      

 GTE        

Figure 4.4 Approach I X X      

 Approach II X X      

 GTE        

Figure 4.5  X X      

Figure 4.6 Case 1 X       

Case 2 X  X X    

Case 3 X  X  X   

GTE        

Figure 4.7 Case 1 X       

Case 2 X   X    

Case 3 X    X   

Figure 4.8 Case 1 X       

 Case 2 X   X    

Case 3 X    X   

Figure 4.9 Case 1 X   X X   

 Case 2 X   X X X  

Case 3 X   X X  X 

 

B.3. Constraint equilibrium predictions for the algae case 

Figure B.1 shows the constrained equilibrium predictions for the behavior of 
ammonia (NH3), nitrogen (N2) and solid carbon (C) at different process conditions 
for the supercritical water gasification of the algae sample (Nannochloropsis sp.) 
simulations. Throughout the simulations, only carbon gasification efficiency 
(CGE), methane, hydrogen and carbon dioxide amount were as the additional 
constraints. Please note that no constraints were used for any nitrogen containing 
species nor the solid carbon as well as the organic intermediate compounds.  
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The results indicate that at 450 °C and 500 °C char formation increases with an 
increase in the residence time. However, at 550 °C, it can be seen that the char for-
mation is not observed in the first 12 minutes, reaches a peak at 32 minutes and 
then gradually decreases with an increase in time. The results for 550 °C indicate 
that in the beginning, liquefaction takes place through intermediates regarding 
which some of them start forming char, which further decompose to gaseous 
products. Please note that the solid carbon may indicate both char formation as 
well as the formation of carbonaceous solid intermediates. 

NH3 seems to be the major nitrogen containing gas whereas N2 is almost neg-
ligible for all of the cases. The authors [95] also stated in their experimental paper 
that N2 amount was too low to be measurable. Please note that at the end of the 
gasification when the reactor is depressurized to atmospheric conditions, NH3 will 
dissolve in water which is also stated by the authors [95]. A similar phenomenon 
was observed by Yildiz Bircan et al. [72]. Regarding hydrothermal gasification of a 
nitrogen containing amino acid (L-cysteine), the authors observed that more than 
95 wt. % of nitrogen was converted into NH4

+ in the aqueous phase which indicat-
ed the formation of NH3. The predicted NH3 conversion by our modelling ap-
proach perfectly agrees with the reported results of Yildiz Bircan et al. [72]. 

 
Figure B.1: The predicted behavior of ammonia (NH3), nitrogen (N2) and solid 
carbon (C) at different process conditions for the supercritical water gasification of 
an algae sample (Nannochloropsis sp.). 

Table B.5 shows the predicted liquid phase products for the same algae sample 
(Nannochloropsis sp.) simulations at a residence time of 32 minutes at different tem-
peratures. The predicted compounds are in agreement with the experimental re-
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sults of the authors [95]: tar compounds as well as ethylbenzene were also identi-
fied in the experimental work. However, it should be noted that some of the iden-
tified tarry compounds in the experiments (such as naphthalene and indole) do 
not exist in the SUPCRT92 database. However, nitrogen containing liquid phase 
compounds are in very good agreement with the experimental results of Klingler 
et al. [51] who studied the decomposition of amino acids in in sub- and supercriti-
cal water. Klingler et al. [51] state that amino acid decomposition forms ethylamine 
and methylamine as well as lactic acid and propanoic acid which were predicted 
by the constrained equilibrium model as well. 

 

Table B.5: The predicted liquid phase products for the algae sample (Nanno-
chloropsis sp.) simulations based on data at a residence time of 32 minutes at differ-
ent temperatures. 

Compounds 

Amount (mol·(kg-dry-algae)-1) 

450 °C 500 °C 550 °C 

Ethanol 4.421311 0.991534 0.007331 

Acetaldehyde 1.830488 2.164324 0.153322 

Toluene 0.812191 0.211831 0.000143 

Methanol 0.726472 0.373303 0.016886 

Acetamide 0.309939 0.225841 0.039585 

Formic Acid 0.046764 0.202016 0.550683 

Ethylamine 0.034382 0.006105 0.000108 

Ethylbenzene 0.025503 0.00273 1.14E-05 

Formaldehyde 0.021474 0.082384 0.055164 

Methylamine 0.016785 0.005415 5.36E-05 

Benzene 0.015253 0.008037 8.67E-05 

Ethanethiol 0.012997 0.012997 2.98E-08 

Propanoic Acid 0.012094 0.006571 0.000359 

Acetic Acid 0.006037 0.005928 0.001949 
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APPENDIX C. Arrhenius parameters of the reactions given in section “7.2. An 
Integrated Kinetic Model for the Prediction of Product Compounds” and sensi-
tivity analysis. 

 

C1. Arrhenius Parameters 

Tables S1 – S8 show the Arrhenius parameters of the reactions that have been 
indicated in the manuscript. 

C.1.1. Arrhenius parameters for cellulose reactions in sub– and supercritical wa-
ter 

Table C1. Arrhenius parameters for cellulose reactions in sub– and supercriti-
cal water 

Symbol Ea (kJ/mol) A, (s-1) Ref. 

1 66.89 3.1ˣ104 [116]* 

2 69.30 7.8 ˣ104 [116]* 

3 108.60 1.4 ˣ109 [116]* 

ge.g 106.10 3.6 ˣ108 [116]* 

gg.g 110.50 1.4 ˣ108 [116]* 

g.a 65.93 9.0 ˣ103 [42]* 

f.gly 133.04 1.2 ˣ1011 [42]* 

f.e 140.44 5.3 ˣ1011 [42]* 

g.e 141.34 1.2 ˣ1012 [42]* 

g.gly 95.69 2.5 ˣ107 [42]* 

g.f 112.69 3.0ˣ109 [42]* 

gly.dih 154.36 1.5ˣ1013 [231] 

gly.p 82.56 7.6ˣ106 [231] 

dih.gly 77.32 4.6ˣ105 [231] 

dih.p 88.65 1.8ˣ107 [231] 

g.5 114.39 1.48ˣ108 [232]* 

f.5 42.25 1.15ˣ103 [232]* 

e.acid 124.72 2.1ˣ1010 [233] 

a.acid 109.29 8.0ˣ107 [233] 

p.acid 94.00 6.59ˣ107 [233] 

f.acid 128.63 7.4ˣ1010 [233] 

glyo.acid 124.72 2.1ˣ1010 [233]a 

5.lf 95.60 8.0ˣ107 [235] 

5.ff 114.8 7.1ˣ109 [235] 

*: Arrhenius parameters are estimated based on the given reaction rate con-
stants at different temperatures. a: Due to its similar molecular structure, Arrheni-
us parameters for erythrose conversion are assumed. 

 

 



 

223 

 

C.1.2. Arrhenius parameters for hemicellulose reactions in sub– and supercriti-
cal water 

C.1.2.1. Arrhenius parameters for hemicellulose reactions in subcritical water 

Table C2. Arrhenius parameters for hemicellulose reactions in subcritical wa-
ter 

Symbol Ea (kJ/mol) A, (s-1) Ref. 

kxy.fu  76.6 1230 [237]* 

kxy.gm 153.8 7.38 ˣ108 [237]* 

kfu.aa 24.2 2.95 ˣ10-14 [237]* 

*: Arrhenius parameters are calculated based on the given reaction rate con-
stants at different temperatures. 

C1.2.2. Arrhenius parameters for hemicellulose reactions in supercritical water 

Table C3. Arrhenius parameters for hemicellulose reactions in supercritical 
water 

Symbol Ea (kJ/mol) A, (s-1) Ref. 

xy.wshs 154.7 6.6ˣ1014 [47] 

fu.wshs 100.5 1.7ˣ106 [47] 

aa.ga 142.7 3.5ˣ108 [47] 

xy.fu 147.5 1.3ˣ1013 [47] 

fu.ch 87.9 13718.5 [239]*,a 

*: Arrhenius parameters are calculated based on the given reaction rate con-
stants at different temperatures. a: Furfural to char formation has been reported in 
the literature [232], however, the reaction rate constants were missing. Due to its 
similar ring structure, phenol to char formation reaction rate constants are as-
sumed and the reaction is assumed to take place only in the supercritical region. 
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C.1.3. Arrhenius parameters for lignin reactions in sub– and supercritical water 

C.1.3.1. Arrhenius parameters for lignin reactions in subcritical water 

Table C4. Arrhenius parameters for lignin reactions in subcritical water 

Symbol Ea (kJ/mol) A, (s-1) Ref. 

gu.t 101.32 0.7726 [241]* 

gu.ga 168.75 6.7 ˣ1010 [241]* 

gu.b 84.64 8284.2 [241]* 

gu.c 82.43 6833.6 [241]* 

gu.oc 0 3.11 ˣ10-2 [241]* 

c.t 10.87 0.3 [241]* 

c.oc 8.48 0.005 [241]* 

t.p 37.51 1.8 [241]* 

oc.t 162.86 9.5 ˣ1010 [241]* 

t.ch 66.89 30946 [241]* 

t.b 79.79 1129.9 [241]* 

t.ga 18.20 0.08 [241]* 

b.ch 299.45 3.4 ˣ1022 [241]* 

*: Arrhenius parameters are calculated based on the given reaction rate con-
stants at different temperatures in the subcritical region. Please note that a zero ac-
tivation energy refers to an average rate constant as these reactions have a strong 
non Arrhenius behavior. 
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C.1.3.2. Arrhenius parameters for lignin reactions in supercritical water 

Table C5. Arrhenius parameters for lignin reactions in supercritical water 

Symbol Ea (kJ/mol) A, (s-1) Ref. 

gu.t 56.1 3377.9 [241]* 

gu.ga 96.8 158102.7 [241]* 

gu.ch 267.9 4.4 ˣ1017 [241]* 

gu.c 0 3.9 ˣ10-2 [241]* 

gu.oc 83.3 37049.1 [241]* 

c.oc 18.5 0.06 [241]* 

t.p 0 1.0 ˣ10-3 [241]* 

oc.t 0 6.3 ˣ10-3 [241]* 

t.ch 110.4 815046.1 [241]* 

t.ga 37.8 3.3 [241]* 

b.p 58.1 15.6 [239]* 

b.na 69.2 391.2 [239]* 

b.ga 33.6 0.1 [239]* 

b.ch 62.7 50.9 [239]* 

b.t 50.83 3.5 [239]* 

p.ga 59.5 54.8 [239]* 

p.t 23.1 1.8 [239]* 

p.c 89.2 1407.1 [239]* 

p.ch 87.9 13718.5 [239]* 

c.t 47.8 44.4 [239]* 

na.ch 37.2 1.9 [239]* 

*: Arrhenius parameters are calculated based on the given reaction rate con-
stants at different temperatures in the supercritical region. Please note that a zero 
activation energy refers to an average rate constant as these reactions have a strong 
non Arrhenius behavior. 

 

C.1.4. Arrhenius parameters for protein reactions in sub– and supercritical water 

C.1.4.1. Arrhenius parameters for protein reactions in subcritical water 

Table C6. Arrhenius parameters for protein reactions in subcritical water 

Symbol Ea (kJ/mol) A(s-1) Ref. 

as.a 128.02 7.75 ˣ109 [240] 

as.g 130.98 1.75 ˣ1010 [240] 

al.et 156 1.4 ˣ1012 [51] 

g.met 160 3.6 ˣ1011 [51] 
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C.1.4.2. Arrhenius parameters for protein reactions in supercritical water 

Table C7. Arrhenius parameters for protein reactions in supercritical water 

Symbol Ea (kJ/mol) A, (s-1) Ref. 

al.et 156 1.4 ˣ1012 [51] 

g.met 160 3.6 ˣ1011 [51] 

al.gas 131 7.37 ˣ105 [242] 

et.gas 131 7.37 ˣ105 [242] 

g.gas 131 7.37 ˣ105 [242]a 

m.gas 131 7.37 ˣ105 [242]a 

a: The Arrhenius parameters of alanine and glycine gasification reactions are 
assumed for these reactions. 

 

C.1.5. Arrhenius parameters for organic acid and other intermediate compounds 
reactions in sub– and supercritical water 

Table C8. Arrhenius parameters for organic acid and other intermediate com-
pounds reactions in sub– and supercritical water 

Symbol Ea (kJ/mol) A, (s-1) Ref. 

f.ga1 85.01 1.6 ˣ106 [243]*,sub 

f.ga1 168.2 4.8 ˣ1012 [243]*,sup 

f.ga2 0 4 ˣ10-3 [243]*,sub 

f.ga2 244 3.4 ˣ1017 [243]*,sup 

aa.ga 94 2.5 ˣ104 [244]sup 

pa.ga 89.4 1.4 ˣ105 [47]sup 

mf.aa 250.7 7.5 ˣ1023 [47]sup 

la.acry 68.8 6.89 ˣ102 [245]* 

acry.la 35.4 2.00 ˣ10-1 [245]* 

la.acet 147.7 2.37 ˣ109 [245]* 

acet.aa 0 3.25 ˣ10-2 [245]* 

acry.hpa 80.1 4.13 ˣ103 [245]* 

hpa.acry 0 2.65 ˣ10-2 [245]* 

acry.pa 34.9 6.00 ˣ10-1 [245]* 

hpa.glyco 0 1.31 ˣ10-3 [245]* 

glycol.ga 94 2.5 ˣ104 [244]a,sup 

levu.lacet 94.00 6.59 ˣ107 [233]b 

wgs 116 3.8 ˣ105 [89]sup 

fal.ga 168.2 4.8 ˣ1012 [243]*,c,sup 

*: Arrhenius parameters are calculated based on the given reaction rate con-
stants at different temperatures in the supercritical region. sub: only for subcritical 
conditions. sup: only for supercritical conditions. a: Due to its similar molecular 
structure, Arrhenius parameters for acetic acid conversion are assumed. b: Due to 
its similar molecular structure, Arrhenius parameters for pyruvaldehyde conver-
sion are assumed. c: Due to its similar molecular structure, Arrhenius parameters 
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for formic acid conversion are assumed. Please note that a zero activation energy 
refers to an average rate constant as these reactions have a strong non Arrhenius 
behavior. 

- All of the given reactions except from al.et and g.met are first order with re-
spect to the given compounds shown in Figure 7.16 – Figure 7.24. al.et and g.met 
follow an nth order reaction for which the n values are 0.47 and 0.78 for alanine and 
glycine, respectively. 

- The compounds which do not exist in AspenPlusTM 8.2 software are intro-
duced as user defined compounds by drawing the actual chemical structure of the 
compound. 

 

C.2. Stream analysis 

Table C9 shows the composition of the stream that leaves the reactor for mi-
croalgae, pig-cow manure mixture and paper pulp at reactor temperatures of 500 
and 600 °C. The pressure is 25 MPa and dry biomass concentration in the feed is 10 
wt.%. Please see section “7.2.4. Case studies: SCWG of microalgae, manure and 
paper pulp” and Figure 7.32 for the simulation conditions. The results show that 
the cellulose, hemicellulose, lignin and protein content of the biomass fully de-
composes to intermediates and gaseous products at the exit of the reactor. As ex-
pected, at lower rector temperatures or shorter residence times, the amount of the 
intermediates are higher due to the unfinished gasification reactions. Cellulose and 
hemicellulose derived compounds consist of organic acids, aldehydes and furfural; 
lignin derived compounds consist of aromatic compounds such as benzene, o-
cresol, catechol and diphenyl; and protein derived compounds consist of amino 
acids and amino acid derived amine and organic acid compounds. Char formation 
also takes place. Nitrogen content of the protein mainly leaves the reactor in the 
form of NH3 gas. 
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Table C.9: The composition of the stream that leaves the reactor for microalgae, pig-cow manure mixture and paper 
pulp at reactor temperatures of 500 and 600 °C. The pressure is 25 MPa and dry biomass concentration in the feed is 10 
wt.%. Please see section “7.2.4. Case studies: SCWG of microalgae, manure and paper pulp” and Figure 7.32 for the simula-
tion conditions. 
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Table C.9 (Continued) 
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Table C.9 (Continued) 
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C3.The individual behavior of cellobiose, xylose, guaiacol and aspartic acid 

In order to study the effect of each biomass constituent compound, simulations 
have been performed for individual constituent compounds using the same condi-
tions used in the real biomass simulations, see section “7.2.4. Case studies: SCWG 
of microalgae, manure and paper pulp” and Figure 7.32 for the simulation condi-
tions. The results are shown in Figure C.1 and Figure C.2 and indicate that xylose 
has a better gasification behavior than any other biomass constituent compound. 
Xylose seems to be completely gasifiable even at shorter residence times at a reac-
tor temperature of 600 °C. Xylose is followed by cellobiose which can attain more 
than 90% CGE at a reactor temperature of 600 °C and at a residence time of 60 s. 
Aspartic acid shows a relatively weak gasification behavior at 500 °C, however, at 
600 °C and at a residence time of 60 s, CGE can reach up to 70%. Among the oth-
ers, guaiacol, which is the representative of the lignin content of the biomass, ap-
pears to show the poorest gasification behavior. The results show that it is hardly 
gasifiable even at a reactor temperature of 600 °C. Another interesting result re-
garding the behavior of guaiacol is its slightly lower CGE at 600 °C compared to 
the CGE at 500 °C. It can be concluded that the reaction rate of the formation of the 
aromatic compounds and char from guaiacol are faster than the gasification reac-
tions at higher temperatures. This observation is due to the reaction rates retrieved 
from Yong and Matsumura [239,241] from which the guaiacol kinetic model has 
been acquired. The preliminary simulations show that the only way to overcome 
the competing reactions of the aromatic compounds’ and char formation, and to 
realize a higher CGE is to establish a rapid heating profile under subcritical condi-
tions (the heat exchanger in Figure 7.32 in the manuscript). The influence of the 
heating profile in the heat exchanger on CGE is shown in section C.4. 

The results also show that the most suitable biomass for supercritical water 
gasification should be high in hemicellulose and cellulose content and low in lig-
nin. Depending on the protein content, higher reactor temperatures as well as 
longer residence times should be chosen. 
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Figure C.1: The gasification behavior of each biomass constituent compound at a reactor temperatures of 500 °C. The pres-
sure is 25 MPa and dry biomass concentration in the feed is 10 wt.%. Please see section “7.2.4. Case studies: SCWG of mi-
croalgae, manure and paper pulp” and Figure 7.32 for the simulation conditions. 
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Figure C.2: The gasification behavior of each biomass constituent compound at a reactor temperatures of 600 °C. The pres-
sure is 25 MPa and dry biomass concentration in the feed is 10 wt.%. Please see section “7.2.4. Case studies: SCWG of mi-
croalgae, manure and paper pulp” and Figure 7.32 for the simulation conditions. 
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C4. The effect of the heating profile in the heat exchanger on the gas compo-
sition 

In order to see the effect of the heating profile in the heat exchanger on the gas 
composition and CGE, simulations have been performed with different heating 
profiles. Figure C.3 shows the configuration used for the simulations in this sec-
tion, Figure C.4 shows the temperature profile in the heat exchanger along the heat 
exchanger length and Table C.10 shows the heating profiles and residence time 
along the heat exchanger, heater and reactor for different investigated cases. The 
results are given in Figure S5.  

 

 
Figure C.3. The process scheme that was used throughout the SCWG simulations 
of microalgae, pig-cow manure and paper pulp.  

 
Figure C.4: The heating profile along the length of heat exchanger for linear heat-
ing, slow heating and rapid heating cases. 
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Table C.10: The heating profiles and residence time along the heat exchanger, 
heater and reactor for different investigated cases. 

Case 
Number 

Heat exchanger Heater Reactor 

Heat-
ing Profile 

Resi-
dence Time 
(min) 

Heat-
ing Profile 

Resi-
dence Time 
(s) 

Heat-
ing Profile 

Resi-
dence Time 
(s) 

1 Linear 5  Linear 20  Linear 30  

2 Linear 1  Linear 20  Linear 30  

3 Slow 1  Linear 20  Linear 30  

4 Rapid 1  Linear 20  Linear 30  

 

The results indicate that a rapid heating profile enhances the CGE compared to 
linear and slow heating profiles for microalgae and manure. In addition, a linear 
heating profile results in a better CGE than a slow heating profile. These are all ex-
pected phenomena as the rapid heating of the heat exchanger not only suppresses 
the char and aromatic compounds’ formation but also results in longer residence 
times at higher stream temperatures inside the heat exchanger which enhances the 
CGE. A rapid heating profile with a residence time of 1 minute can result in as 
high a CGE value as a linear heating profile with a residence time of 5 minutes. 
However, the effect of the heating profile on the gasification behavior of paper 
pulp is almost insignificant. This is due to the high cellulose and hemicellulose 
content of the paper pulp, as these two biomass constituent compounds are al-
ready found to be relatively easily gasified compared to lignin and protein (please 
see section C.3). In summary, it can be conclude that in order to realize a higher 
CGE, a rapid heating profile at subcritical conditions is required. 

 

 



APPENDIX 

236 

 

 
Figure C.5: The effect of the heating profile in the heat exchanger on the gas yields and CGE at the exit of the reactor for 
microalgae, pig-cow manure mixture and paper pulp at a reactor temperature of 600 °C. The pressure is 25 MPa and dry 
biomass concentration in the feed is 10 wt.%. Please see Table S10 for the definition of the Cases. 
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C.5. Comparison of the experimental results reported in Chapter 6 with the 
integrated kinetic model predictions. 

Comparison of the experimental results reported in Chapter 6 with the inte-
grated kinetic model are given in Figures C.6 and C.7. Please see Chapter 5 for 
process flow diagram and the dimensions of the process units of the experimental 
setup, and Chapter 6 for the temperature profiles and gas composition results. 
Here, starch was modeled as cellobiose. Besides, the heat exchanger (both for the 
feed flow and return flow), heater and reactor were modeled as RPlug reactors in 
AspenPlus software in order to simulate the experimental setup reported in Chap-
ter 5. Similar to the section 7.2.3.2, the heat exchanger’s subcritical and supercritical 
zones were modeled in two different RPlug reactors based on the temperature pro-
files reported in Chapter 6. 

 
Figure C.6: Comparison of the carbon gasification efficiency (CGE) and gasifi-

cation efficiency (GE) results between the experimental results reported in Chapter 
6 and the integrated kinetic model predictions using AspenPlus. 
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Figure C.7: Comparison of the gas concentration results between the experi-

mental results reported in Chapter 6 and the integrated kinetic model predictions 
using AspenPlus. 

 

The results indicate that the developed kinetic model predicts quite accurately 
the CGE, GE and HE results, however, fails in predicting the gas concentrations. 
Although the CH4, CO and CO2 predictions are relatively more accurate, the model 
significantly under predicts C2-C3 gases and over predicts hydrogen. These obser-
vations indicate similar results with section 7.2.3.1: the gas forming reaction rates 
of the proposed kinetic model are quite accurate, however, the stoichiometry of 
gas forming reactions from the intermediates are less accurate. 
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