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Abstract

Green hydrogen produced by alkaline water electrolysis may contain residual water vapour and other
impurities that must be removed before use in fuel-cell applications. This study investigated adsorption-
based hydrogen drying using Pressure Swing Adsorption (PSA) and Temperature Swing Adsorption
(TSA), with particular attention to process modelling in Aspen Adsorption.

Zeolite 4A was selected because of its strong affinity for water at low partial pressures. Water ad-
sorption equilibrium was represented using a Dual-Site Langmuir 2 model, while mass transfer was
described using the Linear Driving Force model. A non-isothermal packed-bed model was developed
for a hydrogen feed containing 872 ppmv water at 25 bar, 298.15 K, and a flow rate of 0.0223 kmols—!.

Several PSA configurations were tested, including conventional pressure regeneration, vacuum regen-
eration, and temperature-assisted vacuum regeneration. Conventional regeneration at 1 bar produced
only limited reduction in solid water loading, while deep-vacuum simulations showed numerical conver-
gence problems during multi-cycle operation. Therefore, the detailed cyclic and economic assessment
was continued using TSA.

For the TSA process, the simulated breakthrough time was approximately 19250 s, and an adsorp-
tion time of 14000 s was selected to provide a safety margin before water breakthrough. Regenera-
tion with heated dry hydrogen up to 175°C reduced the water loading from approximately 0.0138 to
0.0018 kmolkg~!. The process reached cyclic steady state after 23 cycles and maintained the outlet
water concentration below the selected limit of 5 ppmv. The calculated hydrogen recovery was 94.32%.

A staggered three-bed arrangement was proposed for continuous operation, giving an estimated net
hydrogen-production rate of 151.3 kgh~!. The screening-level OpenPyTEA analysis resulted in a
fixed capital investment of approximately 5.303 million EUR and a total annual operating expenditure
of approximately 0.656 million EUR year—!. The deterministic levelized cost of hydrogen drying was
1.179 EUR kgﬁ;. A combined techno-economic Monte Carlo analysis gave a mean levelized cost of

1.232 EUR kglg;, with a central 95% uncertainty interval of 0.852 to 1.723 EUR kglg;.
The results demonstrate the technical potential of Zeolite 4A TSA for deep hydrogen drying. However,

experimental validation is required, particularly for adsorption kinetics, heat transfer parameters, and
the low temperatures predicted during blowdown.
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Green Hydrogen and Purity

Found in abundance in nature, hydrogen has long been identified as a potential energy carrier for
transitioning away from fossil fuels. Green hydrogen is produced through the electrolysis of water using
renewable electricity sources such as solar or wind. Unlike grey hydrogen which is produced from fossil
fuels or blue hydrogen which employs carbon capture and storage (CCS), green hydrogen produced
via electrolysis using renewable energy sources such as solar and wind power is inherently carbon free
and is considered an environmentally sustainable energy carrier. It plays a pivotal role in decarbonizing
hard to electrify sectors like heavy industry, aviation, and long-haul transport. Additionally, it enhances
energy security and supports international climate goals such as net zero emissions [1].

Hydrogen Production Technologies: Steam Methane Reforming (SMR) is the most common method for
hydrogen production but emits significant amounts of carbon dioxide. It involves reacting methane with
steam over a catalyst to produce H, and CO,. Electrolysis on the other hand, is a cleaner alternative
with no carbondioxide contaminants.

+ Alkaline Water Electrolysis (AWE) uses a liquid alkaline electrolyte, KOH or NaOH. It is cost-
effective, and scalable.

» Proton Exchange Membrane (PEM) Electrolysis uses a solid polymer electrolyte and offers high
efficiency and fast dynamic response but is costlier due to the use of precious metal catalysts,
making it more suitable for small-scale operations

+ Solid Oxide Electrolysis (SOEC) is a high-temperature electrolysis technology with typical oper-
ating temperatures ranging from 700°C to 1000°C. It offers high electrical efficiency; however,
the high operating temperatures require complex thermal management and may lead to material
degradation.

Hydrogen is primarily used in oil refining and ammonia synthesis, with global production around 70 mil-
lion metric tons annually. With fuel cell vehicle deployment projected to reach 2.5 million by 2030 [1],
demand for green hydrogen is increasing. Electrolytic hydrogen may contain contaminants such as car-
bon monoxide, which is harmful to fuel cells and expensive to remove [2, 3]. ISO 14687:2019 outlines
stringent purity requirements for hydrogen, specifying allowable levels for 13 gaseous contaminants,
of which only nitrogen, oxygen, and water are commonly found in electrolytic hydrogen [4, 5].

The table 1.1 shows the origin of these three contaminant gases along with their ISO standards.

Nitrogen: Often introduced during purging or maintenance. High concentrations can cause fuel cell
power loss. Generally, no post treatment is needed as initial venting of the system removes nitrogen.
For a continuous process nitrogen is mainly found dissolved in the feed water for electrolysers. To
avoid this contamination a pre treatment involving degassing of the feed water can be done [1].

Oxygen: Oxygen contamination is mostly due to production at anode as gas and tends to mix with
produced hydrogen gas at cathode because of direct diffusion through separator/membrane commanly
refered to as gas cross over. Oxygen contamination can be hazardous and can be explosive with
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Table 1.1: Origin of most probable hydrogen contaminants in alkaline electrolysis [1]

ISO 14687:2019 Typical content

Contaminants threshold without treatment

Origin Removal Technique

<100ppm after Purge and Venting of

Nitrogen 300 ppm initial purge inertization initial production
Feed-in water Catalytic
Oxygen 5 ppm 2000-6000 ppm gas solubility ~ recombination
>2000 ppm,
Water 5 ppm saturated at Cross over Gas cooling,
ambient process PSA or TSA systems
temperature

explosive limit as low as 4%. Oxygen is typically removed using a catalytic recombination after which
oxygen is converted to water vapour which is safer and easier to remove after further processing [1].

Water: Water may remain in vapor phase under certain pressure temperature combinations, but if the
gas is cooled below its dew point, condensation or freezing can occur. Therefore, drying systems must
avoid conditions that lead to ice formation, which can block flow paths or damage components. Water
vapour may even carry traces of dissolved potassium or sodium ions, which may corrode components
but can be removed via scrubber [1].

The process of drying hydrogen by removing the above-mentioned impurities is a key area of focus
of this study. Several technologies, such as membrane separation, glycol absorption, and cryogenic
drying, can be used for hydrogen drying [6]. However, adsorption based technologies remain among the
most widely applied methods for achieving very low moisture contents required for high purity hydrogen
applications. Specifically, this study focuses on two important technologies that have been developed
over the years and have demonstrated very good performance, Pressure Swing Adsorption (PSA) and
Temperature Swing Adsorption (TSA). These technologies use an adsorbent material to selectively
capture impurities, water vapour in this case, resulting in purified hydrogen for use in fuel cells.

Even though extensive literature exists on PSA and TSA systems, most published studies investigate
these technologies independently rather than providing a direct comparison under similar operating
conditions [7, 8]. A large portion of the available research focuses primarily on laboratory scale experi-
ments, while limited work has been conducted on detailed process modeling and the related modeling
challenges for industrial hydrogen drying systems. Limited literature on H, —H5O vapour liquid equilib-
rium (VLE), water adsorption behaviour on adsorbents, and Aspen Adsorption modeling for hydrogen
drying further complicates the development of reliable simulation models. Several studies reporting
experimental adsorption data do not clearly describe how these data are translated into adsorption
isotherm models and simulation parameters for process modelling software. Therefore, this study
aims to investigate the drying of hydrogen using PSA and TSA technologies through Aspen Adsorption
simulations. Water adsorption data for selected adsorbents will be used to fit appropriate adsorption
isotherms and obtain the required isotherm parameters for simulation. In addition, H, —Hy O VLE/dew
point relationships will be used to determine the feed moisture composition of the binary Hy —Hy O mix-
ture. The performance of PSA and TSA systems will be evaluated in terms of water removal efficiency,
hydrogen purity, hydrogen recovery and operational considerations.

1.1. Research Objective

The main objective of this thesis is to investigate adsorption based drying of hydrogen produced by
alkaline water electrolysis, with emphasis on the regeneration of the adsorbent using pressure swing
and temperature swing strategies. Dynamic simulations in Aspen Adsorption are used to evaluate the
adsorption and regeneration behaviour of the system and to develop a cyclic drying process capable
of reducing the water content of hydrogen to the required ISO 14687:2019 specification.
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1.1.1. Research Questions
The main research question addressed in this thesis is:

How can adsorption based pressure and temperature swing regeneration be applied to the
deep drying of hydrogen produced by alkaline water electrolysis?

To address this main question, the following sub research questions are considered:
1. Adsorbent and equilibrium behaviour:

Which adsorbent is most suitable for deep water removal from hydrogen and how can its adsorp-
tion equilibrium be represented for dynamic process simulation?

2. Regeneration strategy:

To what extent can pressure reduction and temperature increase regenerate the selected adsor-
bent after hydrogen drying?

3. Cyclic TSA performance:

Can a temperature swing adsorption cycle be developed that achieves sufficient adsorbent re-
generation and maintains the required hydrogen product quality over repeated cycles?

4. Process-level feasibility:

What are the hydrogen recovery, productivity, energy requirements, equipment requirements, and
preliminary economic implications of the developed TSA process when extended to continuous
operation?

1.1.2. Scope of the Study

This study focuses specifically on the removal of residual water from hydrogen produced by alkaline
water electrolysis. It is assumed that upstream treatment has already removed electrolyte droplets,
residual oxygen, and bulk liquid water. The feed to the adsorption system is therefore represented as
a binary Ho—H>O mixture.

Adsorbent selection is based on literature data, after which Zeolite 4A is investigated in detail. The
adsorption equilibrium of water on Zeolite 4A is represented using a Dual-Site Langmuir2 model, while
dynamic adsorption and regeneration are simulated in Aspen Adsorption.

Both pressure-driven and temperature-driven regeneration strategies are investigated. Pressure swing
regeneration is evaluated to determine the extent of desorption achievable through depressurisation
and deep vacuum. Because stable multi-cycle PSA/VPSA operation could not be obtained under the
investigated conditions, detailed cyclic steady-state analysis, continuous process configuration, equip-
ment sizing, and techno-economic assessment are performed for the developed TSA process.

The techno-economic analysis is intended as a preliminary, screening level assessment rather than a
detailed plant design or investment estimate. Its purpose is to identify the principal equipment, energy
requirements, and cost contributions associated with the proposed TSA hydrogen-drying system.

1.2. Progression of the Study

The study was conducted in a series of stages. First, potential adsorbents for hydrogen drying were
evaluated based on literature data, with particular attention to water adsorption at low partial pressures.
Zeolite 4A was subsequently selected for detailed investigation.

Experimental water adsorption data for Zeolite 4A at different temperatures were then fitted using a
temperature-dependent adsorption isotherm model. The resulting equilibrium model, together with
the selected mass-transfer, momentum, and energy-balance formulations, was implemented in Aspen
Adsorption to construct a dynamic packed bed model.

The adsorption behaviour of the bed was first investigated through breakthrough simulations. Regener-
ation was subsequently studied using pressure reduction, including deep vacuum conditions, to assess
the feasibility of PSA/VPSA operation. Although deeper vacuum improved desorption, numerical insta-
bility prevented the development of a stable full cyclic PSA process under the investigated conditions.
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The study therefore proceeded with the development of a temperature swing adsorption cycle. The
effects of heating, purge flow, cooling, and repressurisation were investigated, after which repeated
cycles were simulated to evaluate the approach towards cyclic steady state. The resulting TSA process

was assessed in terms of breakthrough behaviour, regeneration, product water concentration, hydrogen
recovery, and adsorbent productivity.

Finally, the single bed cycle was extended conceptually to a three bed configuration for continuous
hydrogen production. The principal process equipment was sized and the associated energy require-
ments were estimated. These results were then used to perform a preliminary techno-economic as-
sessment of the proposed TSA hydrogen drying process.



Adsorption

According to the Compendium of Chemical Terminology, adsorption is defined as an increase in the
concentration of a substance at the interface between a condensed phase and a fluid phase due to the
action of surface forces [9]. Adsorption is widely applied in gas purification and separation processes
because of its operational simplicity and the possibility of regenerating and reusing the adsorbent [10].

In the present study, adsorption is considered for the selective removal of water vapour from hydrogen.
Water acts as the adsorbate, while the porous solid material acts as the adsorbent. The suitability of
an adsorbent for hydrogen drying depends not only on its total water adsorption capacity, but also on
its affinity for water at the low partial pressures relevant to deep drying, its adsorption and desorption
kinetics, and its ability to be regenerated over repeated cycles. The following sections therefore discuss
water adsorption equilibrium, adsorption-based regeneration techniques, adsorbent materials and their
water sorption behaviour, and the principal criteria governing adsorbent selection for hydrogen drying.

2.1. Water Adsorption Isotherm

To evaluate the amount of adsorbate that can be captured by an adsorbent, it is essential to understand
adsorption equilibrium. An adsorption isotherm describes this equilibrium at constant temperature and
relates the equilibrium adsorbed amount to the concentration or partial pressure of the adsorbate in
the fluid phase. The equilibrium behaviour is influenced by several parameters, including the nature
of the adsorbent and adsorbate, temperature, ionic strength, and solution chemistry [11]. Adsorption
isotherms can be established experimentally or using appropriate simulation and modelling approaches,
provided sufficient time is allowed for the system to reach equilibrium. Such models are widely applied in
separation processes, including carbon dioxide capture and chemical purification [12, 13]. Numerous
mathematical isotherm models have been developed to describe adsorption equilibrium for different
adsorbate—adsorbent systems.

For water adsorption, the isotherm provides considerably more information than simply indicating whether
an adsorbent is hydrophilic or hydrophobic. The shape and position of the isotherm influence the
equilibrium adsorption capacity, working capacity, regeneration requirements, and suitable operating
conditions of adsorption-based drying systems. For hydrogen drying applications, water is present at
very low partial pressures. Therefore, adsorption behaviour in the low pressure region is particularly
important.

Adsorbents exhibiting Type | behaviour, such as many zeolitic materials, show substantial water uptake
even at low relative pressures. This makes them attractive for deep drying applications in which very
low residual moisture concentrations are required. In contrast, materials exhibiting Type Il or Type V
behaviour generally adsorb relatively little water at very low partial pressures and may therefore be less
suitable for ultra dry hydrogen production.

The location of the transition or inflection region of the adsorption isotherm also has direct implications
for adsorbent selection. An inflection occurring at a low relative pressure indicates a comparatively
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strong affinity between water molecules and the adsorbent surface. Strong adsorption is favourable
during the drying step because it enables water to be removed even when its gas phase concentration is
very low. However, strong adsorbate—adsorbent interactions can also make regeneration more difficult
and may increase the energy required for desorption, particularly in Temperature Swing Adsorption
(TSA) processes.

Adsorbent selection therefore involves a trade off between achieving sufficiently strong water adsorption
during the drying step and maintaining adequate regenerability during cyclic operation. For this reason,
adsorption isotherms are important not only for material characterisation, but also as fundamental inputs
for the modelling and design of PSA and TSA systems.

Water is a polar molecule and has a strong ability to form hydrogen bonds. Consequently, its interaction
with an adsorbent surface depends on several material properties, including hydrophilicity, structural
and chemical stability, pore size and geometry, surface chemistry, and adsorption thermodynamics.
Depending on these characteristics, different types of water adsorption isotherms can be observed.

IUPAC classifies water adsorption isotherms into seven characteristic types that can be used to interpret
the hydrophilic or hydrophobic behaviour of porous materials [14]. Type | isotherms show substantial
water uptake at very low pressures and are associated with strongly hydrophilic adsorbents. Type I
and Type |V isotherms exhibit lower initial slopes and therefore weaker water affinity in the low pressure
region compared with Type | behaviour. Type lll isotherms exhibit low water uptake at low relative pres-
sure, indicating comparatively weak adsorbate surface interactions and hydrophobic behaviour. Type V
isotherms also show limited uptake at low pressure but exhibit an S-shaped adsorption profile. Type VI
isotherms are characterised by stepwise adsorption behaviour and may occur when several sequential
adsorption interactions take place. Type VIl behaviour is approximately linear and is associated with
strongly hydrophobic adsorbents [15]. Overall, the different isotherm shapes provide an indication of
the relative hydrophilicity or hydrophobicity of an adsorbent. This behaviour can also be related to the
position of the isotherm inflection point. The inflection point is defined as the position at which approxi-
mately half of the maximum adsorption capacity is reached [16]. An inflection point occurring at lower
relative pressure generally indicates stronger water affinity.

For hydrogen drying, the low-pressure region of the water adsorption isotherm is therefore of particular
importance. The adsorbent must maintain sufficient affinity for water as the gas-phase water concen-
tration approaches the required product specification. At the same time, excessively strong adsorption
can increase the severity of the conditions required for regeneration. The water adsorption isotherm
consequently provides an important basis for both adsorbent selection and the subsequent evaluation
of pressure and temperature driven regeneration strategies.
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Figure 2.1: IUPAC classification of adsorption isotherms for hydrophilic and hydrophobic materials (adapted from [17]).

2.2. Adsorption Techniques

Several adsorption based process configurations can be used for the separation and purification of
gas streams. The appropriate configuration depends on factors such as the adsorbate—adsorbent in-
teraction, feed conditions, required product purity, regeneration requirements, and energy consumption.
Among the available cyclic adsorption processes, Pressure Swing Adsorption (PSA) and Temperature
Swing Adsorption (TSA) are widely used for gas separation and purification. Variations such as Vacuum
Pressure Swing Adsorption (VPSA) and Vacuum Temperature Swing Adsorption (VTSA) can provide
an additional driving force for regeneration.

The main distinction between these processes is the variable used to shift the adsorption equilibrium
during regeneration. PSA relies primarily on a reduction in pressure, whereas TSA uses an increase
in temperature. The effectiveness of either strategy therefore depends strongly on the adsorption equi-
librium of the adsorbate—adsorbent system. For hydrogen drying, this is particularly important because
water is strongly adsorbed by hydrophilic adsorbents at low partial pressures.

2.2.1. Pressure Swing Adsorption

Pressure Swing Adsorption (PSA) is a cyclic separation process in which differences in adsorption
affinity are combined with changes in pressure to separate components from a gas mixture. Consider
a binary gas mixture passing through a packed bed containing a selective adsorbent. The component
with the stronger affinity for the adsorbent is preferentially retained within the bed, while the weakly
adsorbed component passes through the column and is recovered as the product stream [18]. The
separation performance therefore depends on the adsorption equilibrium, mass transfer behaviour,
and physical properties of the adsorbent, including its pore structure and surface area.

During the adsorption step, the feed gas is introduced into the column at an elevated pressure. For
systems in which adsorption is favoured by increasing pressure, the equilibrium loading of the strongly
adsorbed component increases with its partial pressure [6]. As the gas passes through the bed, the
more strongly adsorbed component is retained and a mass transfer zone (MTZ) develops and propa-
gates through the column. Adsorption cannot continue indefinitely because the adsorbent progressively
approaches its equilibrium loading under the adsorption conditions. The bed must therefore be regen-
erated before the adsorbed component reaches an unacceptable concentration in the product stream.

In PSA, regeneration is achieved primarily by reducing the pressure of the adsorption bed. Depres-



2.2. Adsorption Techniques 8

surisation decreases the partial pressure of the adsorbed species and shifts the adsorption equilibrium
towards a lower equilibrium loading, thereby promoting desorption. The difference between the equi-
librium loading under adsorption and regeneration conditions is commonly referred to as the working
capacity of the adsorbent. Conceptually, for an approximately isothermal pressure swing, it can be
expressed as

AqPSA = q* (Pads» T) - q* (Pdesa T)7 (21)

where Agpsa is the equilibrium working capacity, ¢* is the equilibrium adsorbed loading, P.q4s is the
adsorption pressure, Py is the regeneration pressure, and T is the bed temperature. In an actual
dynamic PSA cycle, the usable working capacity can differ from this equilibrium value because of mass
transfer limitations, pressure gradients, temperature changes, and the finite duration of each cycle step.

A typical PSA cycle consists of adsorption, depressurisation or blowdown, regeneration, and repressuri-
sation [19]. A purge step may also be introduced during regeneration, in which a fraction of the purified
product gas is passed through the bed to assist in removing the desorbed species [18]. Following regen-
eration, the column is repressurised using feed gas, purified product gas, or a combination of streams
before the next adsorption step begins. The exact sequence and duration of these steps depend on
the required product purity, recovery, and characteristics of the adsorbate—adsorbent system.

For hydrogen drying, hydrogen is the weakly adsorbed carrier gas while water is the strongly adsorbed
impurity. During adsorption, water is preferentially retained by the adsorbent and dry hydrogen is recov-
ered as the product. During regeneration, reducing the total pressure also reduces the partial pressure
of water and therefore lowers its equilibrium loading. The effectiveness of PSA for hydrogen drying
consequently depends on whether the achievable pressure reduction produces a sufficiently large de-
crease in water loading to restore the required working capacity of the adsorbent.

This consideration becomes particularly important for strongly hydrophilic adsorbents. Although strong
water affinity is advantageous for achieving very low outlet moisture concentrations, substantial water
loading may remain even after conventional depressurisation. In such cases, deeper pressure reduc-
tion, vacuum-assisted regeneration, increased temperature, or a combination of these approaches may
be required to obtain sufficient desorption.

PSA is an established industrial gas separation technology and can offer advantages such as relatively
short cycle times, compact equipment, and the absence of direct thermal regeneration of the adsorbent
[20]. However, its overall performance and energy requirement depend on the required pressure ratio,
compression or vacuum duty, product gas consumed during purge and repressurisation, and the extent
of regeneration achieved during each cycle..

2.2.2. Temperature Swing Adsorption

Temperature Swing Adsorption (TSA) is a cyclic adsorption process in which regeneration is achieved
primarily by increasing the temperature of the adsorbent bed. Similar to PSA, the separation is based
on the preferential adsorption of one or more components from a gas mixture. The principal difference
is the variable used to shift the adsorption equilibrium during regeneration: PSA primarily relies on a
reduction in pressure, whereas TSA uses an increase in temperature.

Adsorption is generally favoured at lower temperatures for exothermic adsorption systems. During
the adsorption step, the feed gas is passed through the bed at the selected adsorption temperature,
where the more strongly adsorbed component is preferentially retained. As the bed approaches its
usable adsorption capacity, regeneration is required before the adsorbate reaches an unacceptable
concentration in the product stream.

During TSA regeneration, heat is supplied to the adsorption bed. The increase in temperature shifts
the adsorption equilibrium towards a lower equilibrium loading, thereby promoting desorption of the
retained species. A regeneration or purge gas can subsequently be used to remove the desorbed
species from the bed. Conceptually, the equilibrium working capacity associated with a temperature
swing can be expressed as
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Figure 2.2: Process Flow Diagram of PSA

AqTSA = q*(P, Tads) - q*(P7 Tregen)a (22)

where Aqrsa is the equilibrium working capacity, ¢* is the equilibrium adsorbed loading, P is the op-
erating pressure, T,qs is the adsorption temperature, and T;ceen iS the regeneration temperature. In
practice, the usable working capacity also depends on factors such as heat and mass transfer, purge
conditions, temperature distribution within the bed, and the duration of the regeneration step.

A typical TSA cycle consists of the following principal steps:

* Pressurisation,

» Adsorption,

» Heating and desorption,
» Cooling.

Depending on the process configuration, additional depressurisation, purging, or repressurisation steps
may also be incorporated into the cycle.

Following thermal regeneration, the adsorbent bed must be cooled before the subsequent adsorption
step because adsorption capacity generally increases as the temperature is reduced. Consequently,
both heating and cooling contribute to the overall TSA cycle duration. The relatively slow thermal
response of a packed adsorption bed can result in cycle times of several hours and is one of the
principal limitations of TSA compared with pressure driven adsorption processes [8].

The regeneration temperature required in a TSA process depends on the adsorbate—adsorbent inter-
action and the desired extent of regeneration. Strongly adsorbed species may require substantial tem-
perature increases to achieve sufficient desorption. For example, Kheimi et al. reported regeneration
temperatures of approximately 350 °C for the adsorption system investigated in their study [21]. Such
temperatures should, however, be regarded as system specific rather than as a general requirement
for TSA operation.

The requirement to heat and subsequently cool the adsorbent bed introduces additional energy con-
sumption compared with regeneration based solely on pressure reduction. Repeated temperature cy-
cling can also impose thermal stress on the adsorbent and process equipment, while the longer heating
and cooling periods can reduce cycle frequency and consequently influence process productivity. The
magnitude of these effects depends strongly on the regeneration temperature, adsorbent properties,
bed dimensions, heat transfer characteristics, and process configuration.
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For hydrogen drying, however, thermal regeneration can be advantageous when water is strongly re-
tained by a hydrophilic adsorbent. Increasing the temperature can substantially reduce the equilibrium
water loading, providing an additional regeneration driving force when pressure reduction alone does
not produce sufficient desorption. The suitability of TSA for hydrogen drying therefore depends on the
balance between improved adsorbent regeneration and the additional thermal energy, cooling time,
and process complexity associated with temperature cycling.
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Figure 2.3: Process Flow Diagram of TSA

Table 2.1: Summary of advantages and disadvantages of PSA and TSA for hydrogen drying.

Technology | Advantages

Disadvantages

PSA

Short cycle times, low energy consump-
tion, high productivity, compact system
design, and mature industrial implemen-
tation.

Potential hydrogen losses during purge
and depressurisation, less effective re-
generation for strongly adsorbed water,
and multiple valves and controll system.

TSA

Effective regeneration of strongly ad-
sorbed water, excellent deep drying ca-
pability, and high hydrogen recovery.

High heating and cooling requirements,
long cycle times, lower productivity, and
larger equipment.
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2.2.3. Vacuum Pressure Swing Adsorption

Vacuum Pressure Swing Adsorption (VPSA) is a variation of Pressure Swing Adsorption in which the
regeneration pressure is reduced below atmospheric pressure. The fundamental separation mecha-
nism is therefore the same as that of PSA, but the use of vacuum provides a larger pressure swing
between the adsorption and regeneration conditions.

During regeneration, reducing the bed pressure below atmospheric pressure decreases the partial
pressure of the adsorbed species. This shifts the adsorption equilibrium towards a lower equilibrium
loading and can therefore increase the driving force for desorption. Compared with conventional PSA,
where regeneration may be limited to pressures close to atmospheric pressure, VPSA can consequently
provide more extensive regeneration of the adsorbent.

This behaviour can be particularly relevant for strongly adsorbed species such as water vapour. In
hydrogen-drying applications, reducing the water partial pressure through vacuum-assisted regener-
ation may enable greater desorption than conventional depressurisation and can therefore be useful
when very low residual water concentrations are required [1]. However, the extent of the improvement
depends on the adsorption equilibrium and on how strongly water remains adsorbed at the selected
regeneration pressure.

The additional regeneration driving force provided by VPSA must be balanced against the require-
ments associated with vacuum generation. Vacuum pumps increase equipment complexity and capital
cost and introduce an additional energy requirement. Furthermore, progressively deeper vacuum con-
ditions generally require greater vacuum duty. Consequently, the appropriate regeneration pressure
represents a trade-off between improved adsorbent regeneration and the additional energy and equip-
ment required to achieve the vacuum conditions [1].

For deep hydrogen drying, VPSA therefore provides an intermediate regeneration strategy between
conventional pressure swing operation and thermal regeneration. Its feasibility depends on whether
the reduction in water partial pressure is sufficient to restore the required adsorbent working capacity
without requiring impractically deep vacuum conditions.

2.2.4. Vacuum Temperature Swing Adsorption

Vacuum Temperature Swing Adsorption (VTSA) is a hybrid regeneration strategy that combines the
temperature variation used in TSA with sub-atmospheric pressure during desorption. The process
therefore uses two thermodynamic driving forces for regeneration: an increase in temperature and a
reduction in adsorbate partial pressure.

During adsorption, the bed is operated at a relatively low temperature, where adsorption of the target
species is favoured. During regeneration, the bed temperature is increased while vacuum is simul-
taneously applied. The elevated temperature reduces the equilibrium adsorption capacity, while the
reduction in pressure lowers the partial pressure of the adsorbed species. The combined effect can
therefore promote more extensive desorption than either temperature or pressure variation alone [22].

For strongly adsorbed species such as water vapour, this combined regeneration strategy can be par-
ticularly useful because the reduction in equilibrium loading obtained by heating is reinforced by the
lower partial pressure created by the vacuum. As a result, VTSA may allow the required degree of re-
generation to be achieved at a lower temperature than would otherwise be necessary in a conventional
TSA process.

The potential reduction in regeneration temperature can decrease the thermal duty imposed on the
adsorbent and may also reduce thermal stress during repeated cycling. However, the use of vacuum
introduces additional equipment, capital cost, and electrical energy consumption. Consequently, the
total energy requirement of a VTSA process depends on the balance between the reduced thermal
regeneration requirement and the additional vacuum duty [21].

VTSA therefore offers a potentially effective regeneration strategy for systems in which the adsorbate
is strongly retained by the adsorbent. Its practical suitability depends on the required regeneration
temperature, vacuum level, cycle duration, and the associated energy and equipment requirements.
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2.3. Adsorbents and Water sorption properties

The suitability of an adsorbent depends on several physical and chemical properties, including specific
surface area, pore-size distribution, pore accessibility, and surface chemistry. A high specific surface
area generally provides more potential adsorption sites [23], but this does not necessarily lead to higher
adsorption if the pores are too small or inaccessible to the adsorbate molecules [24]. Pore structure
influences both adsorption capacity and mass-transfer rates. Micropores contribute strongly to adsorp-
tion capacity, while mesopores and macropores can facilitate transport of adsorbate molecules through
the particle [24]. Surface chemistry also affects selectivity, since polar or functional surface groups can
increase the affinity of the adsorbent towards specific molecules.

For water adsorption, these properties act together to determine the hydrophilicity, adsorption capacity,
and transport behaviour of the material. Therefore, adsorbent selection should consider the combined
effect of pore structure, accessible surface area, and surface chemistry rather than maximising a single
property.

A wide range of porous materials has been investigated for water adsorption, with significant differences
in their hydrophilicity, adsorption capacity, and low-pressure uptake behaviour. The following sections
compare the water adsorption characteristics and representative isotherms of porous carbons, silica
gel, zeolites, and metal-organic frameworks (MOFs) in order to assess their suitability for hydrogen
drying.

Porous Carbons: Porous carbon materials have been extensively studied for water adsorption both
experimentally and theoretically [25]. In general, they exhibit low water uptake at low relative pressures,
reflecting their comparatively hydrophobic character. Their water adsorption behaviour is therefore
commonly associated with an S-shaped Type V isotherm. Water adsorption on porous carbons typically
proceeds progressively, beginning with adsorption at surface or functional-group sites, followed by
clustering and pore filling as the relative pressure increases. At sufficiently high relative pressure, the
pores approach saturation. Both microporous and mesoporous carbons can exhibit this characteristic
S-shaped behaviour, although the total water uptake is influenced by pore size and available pore
volume. Mesoporous carbons can accommodate larger quantities of water because of their greater
accessible pore volume [26].

The relatively low water uptake of porous carbons at low partial pressures limits their suitability for deep
hydrogen drying, where strong water affinity is required even at very low moisture concentrations.

Silica Gel: Silica gel is a widely used inorganic adsorbent for moisture removal because of its strong
affinity for water [27]. Its surface contains silanol groups (Si—OH), which are hydrophilic and provide
active sites for water adsorption. Depending on its surface chemistry and pore structure, silica gel can
exhibit different water adsorption isotherm shapes, including Type |, I, IV, and S-shaped behaviour.
Such behaviour has also been reported by Tashiro et al. for silica gel used in desiccant cooling appli-
cations [28].

For many commercial silica gels, a substantial increase in water uptake occurs at moderate to high
relative pressures. This provides good moisture-removal capacity under relatively humid conditions
but can make silica gel less effective for deep drying when the water partial pressure becomes very
low. Consequently, silica gel is often more suitable for bulk moisture removal or pre-drying than for
achieving extremely low residual water concentrations in hydrogen..
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Figure 2.4: Adsorption isotherm of porous carbon adapted from [26]

Zeolites Zeolites are crystalline aluminosilicate materials composed of interconnected SiO4 and AlO,
tetrahedra, forming a rigid framework with well-defined micropores. The presence of aluminium in the
framework produces a negative structural charge that is balanced by exchangeable cations. These
cations create strongly polar adsorption sites and contribute to the high affinity of many zeolites for
water. Consequently, zeolites commonly exhibit Type | water adsorption behaviour, characterised by
substantial uptake at low relative pressures.

Zeolites 3A, 4A, and 5A are among the most widely studied molecular sieves and have been extensively
applied in gas separation and drying processes. Zeolite A is commonly produced in its sodium form
and is referred to as zeolite 4A because of its approximate pore opening of 4 A. Partial ion exchange
of Nat with Ca®* produces zeolite 5A, with an approximate pore opening of 5 A, whereas exchange
with K produces zeolite 3A, with an approximate pore opening of 3 A[30]. These materials exhibit
molecular-sieving behaviour, whereby molecules smaller than the pore opening can enter the internal
pore structure while larger molecules are excluded.

Zeolites X and Y have also been extensively investigated for water adsorption because of their high
pore volume and strong hydrophilic behaviour [32, 26]. In addition to zeolite type and pore structure,
the preparation method and resulting structural defects can influence water adsorption performance.
Defects in the crystalline framework may create additional adsorption sites and free volume, thereby
promoting water adsorption, hydrogen bonding, and clustering within the pore structure [33].

Hydrothermal stability is another important consideration, particularly when zeolites are subjected to
repeated heating and cooling during regeneration. The stability of the zeolite framework is influenced
by its Si/Al ratio. Zeolites with lower Si/Al ratios generally exhibit lower hydrothermal stability because
Si—O-Al bonds are more susceptible to hydrolysis and framework degradation than Si—-O-Si bonds
[34].

The strong water affinity of zeolites at low partial pressures makes them particularly suitable for deep
gas-drying applications. However, the same strong adsorbate—adsorbent interactions that favour water
removal can also increase the severity of the conditions required for regeneration. Therefore, both
adsorption capacity and regenerability must be considered when selecting a zeolite for cyclic hydrogen-
drying processes.

Metal Organic Frameworks(MOFs) have emerged as a promising class of porous materials for water



2.3. Adsorbents and Water sorption properties 14

W o e + =29315K —
Jui ‘O/O A =313.15K
& X =333.15K
dd O =37315K A
0 =393.15K
0 1 | 1 | 1 | 1 | 1
0 1000 2000 3000 4000 5000
p/Pa

Figure 2.5: Adsorption isotherm on Silica Gel adapted from [29]

vapor adsorption due to their tuneable pore structures, exceptionally high surface areas and can also be
fine tuned to obtain isotherm of a particular shape. Structural designability of MOFs are the plus point
and hence allow extensive research and development of various chemically stable MOFs. Bottlenecks
have been observed with MOFs with their poor water stability. A range of water adsorption isotherm can
be observed for MOFs due to their structural design which comes different degree of hydrophobicity and
hydrophilicity. These water isotherms related to MOFs vary in shape, water loading capacity, steepness
of the curve and hysteresis can give MOFs various advantages in different water-based applications
such as water harvesting and humidity control to gas purification and drying. To remove water from
other molecules the inflection point should appear at very low relative pressures. Hence design of
MOFs requires fine tuning of adsorption sites, their optimal total pore volume for water adsorption. Due
to this dual nature of MOFs, they often require careful tuning of adsorption sites, optimization of pore
size and volume, and control over the distribution of hydrophilic and hydrophobic regions within the
framework. The inflection point (rapid water uptake) occurs mainly when the relative pressure crosses
0.1 or relative humidity of 10% [35].

The adsorption isotherms presented for porous carbons, silica gels, zeolites, and MOFs demonstrate
significant differences in water adsorption behaviour, hydrophilicity, adsorption capacity, and adsorption
mechanisms. These differences strongly determine the suitability of adsorbents for hydrogen drying
applications using PSA or TSA technologies.

The adsorption isotherm for porous carbon materials demonstrates relatively low water uptake at low
relative pressures, reflecting weak interaction between water molecules and the carbon surface. This
behaviour shows hydrophobic nature of carbon adsorbents resulting in limited affinity toward polar water
molecules. The delayed increase in adsorption uptake and the position of the inflection point at high
relative pressures further confirm the hydrophobic nature of porous carbon materials. As the pressure
approaches unity, a sharp increase in water uptake can be observed which may be due to pore filling
on carbon surface rather than strong affinity of carbon towards water molecule. For hydrogen drying
applications, this behaviour presents an important limitation since hydrogen streams generally contain
water at very low partial pressures. Adsorbents used for hydrogen purification must exhibit strong
water uptake in the low-pressure region to achieve ultra-high purity hydrogen specifications such as
mentioned in ISO 14687. Although there is weaker interaction of carbon surface with water molecule,
this can result in less regeneration energy for the carbon based adsorbents and improve cyclic stability
in adsorption-desoprtion operation.
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Figure 2.7: Adsorption isotherm of Metal Organic Framwork Ni-CPO-27 adapted from [36]

The adsorption isotherm of silica gel shows relatively high water uptake at low partial pressures, indicat-
ing hydrophilic behaviour and strong affinity between water molecules and the silica gel surface. Com-
pared to porous carbons, silica gel shows a much steeper initial uptake region, suggesting stronger ad-
sorbent water interactions and improved adsorption performance.Another important observation from
the isotherm is the influence of temperature on adsorption capacity. As temperature increases from
293.15 K to 393.15 K, the adsorption uptake decreases significantly. This behaviour confirms the
exothermic nature of water adsorption, where increasing temperature weakens the interaction between
water molecules and the adsorbent surface reducing adsorption capacity. Generally, silica gel is widely
used for pre-drying applications where itis used to remove a large portion of the moisture initially present
in the gas stream before final ultra high purity drying stages. In multi stage drying systems, silica gel
is often used as a first drying stage to reduce the water load on more strongly hydrophilic adsorbents
which are then used for deep drying to achieve extremely low residual moisture concentrations required
for high-purity applications.

The adsorption isotherms for Zeolite show that all zeolite materials exhibit very high water uptake at low
partial pressures reflecting strongly hydrophilic behaviour and strong affinity toward water molecules.
This behaviour is due to the electrostatic interaction between water molecules and the charged zeolite
framework. Among the zeolites shown, zeolite 4A demonstrates the highest water adsorption capacity
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followed by zeolite 13X, 5A, and 3A. The steep uptake observed at very low partial pressures suggests
that zeolites are highly suitable for deep hydrogen drying applications where very low moisture con-
centrations must be achieved. However, this strong adsorption behaviour results in higher heats of
adsorption which may increase regeneration energy requirements during cyclic operation.

The adsorption isotherm of MOFs shows high water uptake at low relative pressures, indicating moder-
ate to high hydrophilic behaviour and strong affinity between water molecules and the MOF structure.
The sharp initial increase in adsorption suggests the presence of highly active adsorption sites and
favourable pore structures for water adsorption.

2.4. Recent Advances in Adsorbents

There has been a lot of advances in adsorbent material, a lot of researchers have looked into doping
of adsorbent material which will help in more activation sites or more hydrophilic nature of adsorbents.

Covalent organic frameworks(COFs) and porous organic polymer (POPs) are carbon based ma-
terial that has seen advances in water adsorption due to their stability for water molecules [37]. Doping
COFs with hydrophilic groups increases the water uptake capacities. Karak et al. found that COFs
acquire higher surface are when they used p-toluenesulfonic acid as a catalyst [38]. These material
exhibited type 2, 4 and 5 isotherms. When polar functional groups like N and O are added making
the pore structure more hydrophilic, the adsorbent amount was noticed to rise quickly at lower relative
pressure giving inflection point at 0.2. in addition to crystalline COFs, POPs have also attracted signif-
icant attention in the last decade due to their stability in humid conditions. Like any other cabon based
porous material which exhibit type 5 isotherm, POP also show the same result but were found to have
higher water uptake capacity due to their mesopore structure such as CPOP-9 [39]. Depending on
what type of functional group used to make POPs, both surface area of the pores and polarity of the
surface can be fine-tuned leading to different water adsorption isotherms.

SILICA GEL: To enhance water adsorption capacity of silica gel several modifications such as using
composite materials like hygroscopic salts (alkali, bromides, sulfates, nitrates) along with silica gel
were studied. These resulted in increased water uptake compared to pure silica gel and the study also
showed that amount of salt used and present within the pores had direct relation to water adsorption
capacity [27]. Mesoporous silica materials are also preferred for their higher water uptake capacity.
When different pore size and variable dimensions were tested for silica based materials, they showed
positive result as opposed to microporous materials. Effect of Si/Al ratio also had great impact on
the adsorption capacity, and it was determined that when Al content is less in mesoporous silica they
showed increase in steepness of the slope of isotherm [40].

ALUMINOPHOSPHATES(AIPOs) and SILICA-ALUMINOPHOSPHATES(SAPOs): Potential alterna-
tives of zeolites are AIPOs and SIPOs which have similar crystalline inorganic materials which can be
considered for water related applications. SIPOs are more hydrophilic compared to AIPOs. This ability
comes from the presence of counter cations in their frameworks and are generally shown to have an
S type isotherm [39]. There has been some development and research to enchnace efficiency of ad-
sorbents through varouis techniques. One such technique is known as Molecular Imprinted Polymers
also known as MIPs. Imagine making a cast or die of certain molecule, this cast acts as an imprint
for when the adsorption process takes place the adsorbate can easily attach itself in the cavity of the
adsrobents. MIPs shows high selectivity and control over the selection process making this technique
highly tunable [41].

2.5. Parameters for Adsorbent Selection

When selecting an adsorbent for water removal from hydrogen gas, several important parameters must
be considered because they strongly affect the performance and efficiency of the adsorption process.
One of the most important properties is the polarity of the adsorbent. Water is a highly polar molecule,
while hydrogen is non-polar [42]. Therefore, adsorbents with a polar surface such as Zeolite shows
a strong attraction toward water molecules and weak interaction with hydrogen. This allows water
molecule to be adsorbed while hydrogen passes through the bed. Another important parameter is
pore size and molecular size compatibility. The pores of the adsorbent must be large enough for water
molecules to enter easily and diffuse through the structure. Uniform pore sizes are especially important
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in molecular sieves improving selectivity towards water molecule and adsorption efficiency [43].

Adsorption capacity is also a key factor in adsorbent selection. A high adsorption capacity means
that the material can adsorb a larger amount of water before reaching breakthrough conditions. This
leads to longer operating cycles, reduced regeneration frequency. The adsorbent should also have
high selectivity toward water over hydrogen in order to minimize hydrogen losses during the process.
Adsorption and desorption kinetics are also important, especially in Pressure Swing Adsorption systems
where cycle times are short. Fast kinetics allow water molecules to be adsorbed and desorbed quickly
resulting in improved process efficiency and less cycle duration [44].

Thermal stability is another major requirement especially in Temperature Swing Adsorption systems.
During TSA regeneration, the adsorbent is repeatedly heated(regeneration) and cooled(adsorption).
Hence, the material must be able to withstand high temperatures and thermal cycling without losing
its structure or adsorption performance [21]. Moreover, the adsorbent should have good regenerability
so that adsorbed water can be removed efficiently during regeneration and the material can be reused
for many cycles without significant loss of performance. Another important property is the heat of
adsorption [44]. Water adsorption is an exothermic process, meaning that the heat is released during
adsorption. A high heat of adsorption generally indicates strong interaction between water and the
adsorbent, which improves water removal performance. However, it can also increase the energy
required for regeneration.

Table 2.2: Comparison of major adsorbent classes used in gas drying and separation processes.

widespread commercial availability.

Adsorbent Advantages Disadvantages

Class

Zeolites High water adsorption capacity, strong | Strong water adsorption can increase
hydrophilicity, excellent thermal stabil- | regeneration energy requirements,
ity, well established industrial use, and | and adsorption performance may de-
suitable for deep drying applications. crease in the presence of competing

species.

Silica Gel Low cost, easy regeneration, high | Lower affinity for water at very low par-
moisture  capacity at moderate | tial pressures, making it less suitable
and high relative humidities, and | for ultra-deep drying applications.

Activated Car-
bon

Large surface area, relatively inexpen-
sive, effective for adsorption of organic
compounds.

Generally hydrophobic and therefore
exhibits limited water adsorption ca-
pacity compared with zeolites and sil-
ica gel.

tively low cost.

Metal Organic | Highly tunable pore structures and sur- | High material cost, limited large-scale

Frameworks face chemistry, potentially high adsorp- | industrial deployment, and concerns

(MOFs) tion capacities, and promising perfor- | regarding long-term stability for some
mance for selective separations. MOF structures.

Activated  Alu- | Good mechanical strength, moderate | Typically exhibits lower adsorption ca-

mina water adsorption capacity, and rela- | pacity and selectivity compared with

zeolites for deep drying applications.

2.6. Challeneges

As mentioned earlier, International Organization for Standardization (ISO) developed the ISO 14687
standard, which specifies hydrogen purity requirements for fuel cell applications and defines the maxi-
mum allowable concentration of impurities that may cause degradation of fuel cells. As a result, efficient
hydrogen purification and drying technologies are becoming increasingly important for large scale hy-
drogen deployment. Several studies have investigated purification techniques such as Pressure Swing
Adsorption and Temperature Swing Adsorption individually, discussing their operating principles, advan-
tages, and limitations [3, 7, 8] . However, only limited studies provide direct side by side comparison of
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PSA and TSA systems under similar operating conditions. Therefore, further comparative studies are
required to better understand which purification technique is more suitable for hydrogen drying under
specific operating conditions considering their economics as well.

Another important challenge reported in literature is the scale-up of adsorption systems from laboratory
to industrial operation. Most experimental studies are performed using small laboratory columns while
industrial adsorption systems often involve multiple large columns operating in parallel with complex
valve sequencing and cyclic operation [20]. As the size and humber of adsorption columns increase,
the overall process becomes more complex. Large columns may experience heat and flow maldistribu-
tion, resulting in incomplete utilization of the adsorbent bed. Moreover, mass transfer and heat transfer
become more significant at industrial scale. Since adsorption is an exothermic process, temperature
gradients inside large columns may reduce adsorption capacity and affect breakthrough behavior sig-
nificantly. Especially in TSA systems regeneration requires significant thermal energy input to heat the
adsorbent bed for desorption of impurities. Industrial adsorption systems also require advanced control
systems capable of handling valve timing, pressure equalization steps, and synchronization of multiple
adsorption beds operating simultaneously.

Growing research on adsorption processes and gas purification techniques has improved the under-
standing of cyclic adsorption systems. However, only limited studies have investigated green hydrogen
purification using detailed simulation platforms such as Aspen Adsorption. Many published studies
rely on simplified assumptions or custom models, which may reduce reproducibility between differ-
ent research groups. In addition operating conditions, adsorbent materials, and model assumptions
often vary significantly across studies, making direct comparison [21]. Although Aspen Adsorption in-
cludes built-in adsorbent libraries and allows detailed simulation of cyclic multi-bed adsorption systems,
published studies involving hydrogen drying from water electrolysis remain limited. Most adsorption
simulation studies focus on air separation, carbon capture, or general gas drying applications, while
comparatively fewer studies investigate green hydrogen drying systems [45, 46].

Published techno-economic studies on adsorption systems consistently show that energy consumption
is one of the dominant cost contributors in adsorption-based processes. Large amounts of electricity
and thermal energy are required for compression, vacuum generation, heating, and regeneration of
adsorbents [47]. Another major point from literature is that adsorbent properties strongly influence
economic performance. High-capacity and highly selective adsorbents reduce bed size, regeneration
frequency, and cycle time, leading to reduced capital and operating cost [48]. Some studies also men-
tion improved adsorbent performance lowers energy demand. These findings indicate that realistic
adsorbent characterization is essential in techno-economic analysis [49, 50]. There is a clear trade
off between product purity, recovery, and process cost as well. Achieving very high purity levels of-
ten requires additional regeneration energy, larger adsorption columns, or longer cycle times, which
increases overall cost. Bashir et al. reported that increasing hydrogen purity from 98% to 99.3% re-
duced hydrogen recovery significantly, thereby affecting overall process economics. Finally, published
literature also mentions that scale-up substantially increases process complexity [51]. Many laboratory
scale studies do not completely account for industrial requirements such as multi-bed operation, valve
sequencing, instrumentation, piping networks, and control systems [52] . Overall, literature suggests
that although adsorption systems generally benefit from economies of scale, accurate industrial-scale
techno-economic analysis must include realistic balance-of-plant and operational considerations.

The modeling of Pressure Swing Adsorption and Temperature Swing Adsorption systems for hydrogen
drying involves several important challenges that can affect the accuracy and reliability of the simulation
results. One of the major challenges is the limited availability of experimental adsorption equilibrium
data for the Hy/H2O system. Although adsorption data are available for many gas systems, only lim-
ited studies provide detailed water uptake data in hydrogen streams, especially at industrial operating
conditions. This results in difficulties in accurately describing the adsorption behavior of water on adsor-
bents such as zeolites. Moreover, very accurate adsorption isotherm parameters are required as input
for Aspen Adsorption simulations [53]. However, the lack of experimental uptake data as a function
of water partial pressure and temperature makes it difficult to fit adsorption isotherm models such as
Langmuir or Toth and obtain reliable isotherm parameters [54, 55]. As a result, many studies rely on
assumptions, extrapolated data, or parameters obtained under different operating conditions, which
can reduce model accuracy.
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Another major challenge is the validation of PSA and TSA models. Experimental breakthrough curves
and cyclic adsorption data for green hydrogen drying systems are limited in the literature, while indus-
trial data are often propriatary and hence confidential. Therefore, validating simulation results against
real experimental systems becomes difficult. Several studies emphasize the importance of validating
adsorption models using experimental isotherms and breakthrough data in order to improve simulation
reliability [54, 56]. Furthermore, PSA and TSA processes involve complex multicomponent adsorption
behavior where adsorption equilibrium, mass transfer, heat transfer, and pressure variations occur si-
multaneously inside the adsorption bed. These coupled phenomena make the systems highly dynamic
and difficult to model accurately. Water adsorption is also strongly exothermic, causing temperature
changes inside the bed which influence adsorption equilibrium and breakthrough behavior. Therefore,
non-isothermal modeling is often required for realistic simulation of adsorption systems [57].

Another important issue in PSA and TSA simulations is the difficulty of reaching cyclic steady state
(CSS). Since adsorption systems operate cyclically which means to reach stable operating conditions
to achieve sensible results, the simulation must often run for many cycles before stable repeating con-
ditions are achieved. This increases computational time and may lead to numerical instability and con-
vergence problems. Previous studies have shown that CSS calculations are computationally intensive
and require careful numerical discretization and solver selection [58]. Moreover, commercial simulation
tools such as Aspen Adsorption are highly complex and require detailed understanding of equilibrium
models, kinetic models, discretization methods, solver settings, and cycle organization. Although As-
pen Adsorption is widely used for cyclic adsorption simulations, detailed methodological guidance and
application examples for hydrogen drying systems remain limited, creating additional challenges for
new users. Finally, another challenge is scaling laboratory-scale models to industrial systems. Labo-
ratory experiments are usually performed under controlled and simplified conditions, while industrial
systems may involve larger beds, temperature gradients, pressure drops, and flow maldistribution.
Therefore, simulation models developed at lab scale may not always accurately predict industrial-scale
performance [56, 57, 54].

The literature shows that adsorption-based processes are suitable for removing water from hydrogen.
Zeolites are particularly attractive for deep drying because they have a strong affinity for water at low
partial pressures. PSA offers short cycle times and relatively low energy consumption, whereas TSA
provides more effective regeneration of strongly adsorbed water but requires heating and cooling.

However, limited information is available on the detailed non-isothermal modelling of water removal
from electrolytic hydrogen using Aspen Adsorption. Experimental equilibrium and cyclic data for the
H,; — H,O system are also limited. In addition, many published studies do not include realistic multi-bed
operation, energy requirements, hydrogen consumption, and techno-economic performance. These
limitations create a need for a detailed simulation-based assessment of hydrogen drying using TSA.



Methodology

The green hydrogen drying process was modelled in Aspen Adsorption, a dynamic flowsheet simulation
package developed by AspenTech for the design and analysis of cyclic adsorption processes [59]. The
model consisted of a packed adsorption column containing zeolite 4A, together with feed, product,
purge and waste streams. valves were connected to the column boundaries to regulate the gas via
constant flow or by specifying linear valve coefficient during adsorption, depressurisation, regeneration,
cooling and repressurisation.

3.1. Component and Feed-Gas Definition

Hydrogen and water were selected as the gas phase components in the Aspen Adsorption model.
Hydrogen was treated as the carrier gas and as a non adsorbing species, whereas water was treated as
the adsorbing component. Adsorption of hydrogen on zeolite 4A was neglected because the objective
of the study was the removal of trace quantities of water from a hydrogen rich gas stream. Under
the selected operating conditions, the adsorption effect of hydrogen was assumed to be insignificant
compared with the strong affinity of zeolite 4A for water.

The simulated feed represented wet hydrogen produced by water electrolysis after preliminary gas-
treatment steps. Ligen et al. reported the operation of a 50 kW McPhy McLyzer 10-10 alkaline electrol-
yser at a pressure of approximately 10 bar. The associated post-treatment system included the removal
of potassium hydroxide droplets using a scrubber, the catalytic recombination of residual oxygen with
hydrogen and the further removal of liquid water using a coalescing filter. A hydrogen dew point of
approximately 5 °C was reported following these treatment steps [1].

The reported dew point was used to estimate the residual water concentration in the hydrogen stream.
At the dew point temperature, the partial pressure of water in the gas is equal to the saturation vapour
pressure of water at the same temperature:

P20 = Difo (Tap) 3.1)

where py, o is the partial pressure of water, pﬁfo is the saturation vapour pressure of water, and Tg;, is
the dew-point temperature.

At a dew point of 5 °C, the saturation vapour pressure of water is approximately [60]:
Pits (5°C) = 8.719 x 1072 bar (3.2)
Using Dalton’s law, the mole fraction of water was calculated as:

PH,O
o= 2 3.3
YHa0 Ptotal ( )

20
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Substituting the saturation pressure of water and the total gas pressure gives:

8.719 x 1073

_ —4
T =8.719 x 10 (3.4)

YH,0 =

The water concentration in parts per million by volume was subsequently calculated as:

Yr,0 x 10°, (3.5)

which gives:
871.9 ppm ~ 872 ppm. (3.6)

Because the feed gas was assumed to contain only hydrogen and water, the hydrogen mole fraction
was calculated as:

yu, = 1 —yu,0, (3.7)

and therefore:
Y, = 1 —8.719 x 107* = 0.999128 (3.8)

The final feed composition used in the simulations was therefore a hydrogen mole fraction of 0.999128
and a water mole fraction of 8.72 x 10~*.

Gas flow through a packed adsorption column is accompanied by variations in pressure, gas density,
velocity, temperature and composition. These variations are important during dynamic steps such
as depressurisation, heating, cooling and repressurisation. An appropriate thermodynamic property
model is therefore required to calculate gas density, compressibility, enthalpy and other physical prop-
erties over range of operating pressures and temperatures experienced during the temperature swing
adsorption cycle.

The ideal gas equation provides the simplest relationship between pressure, temperature and molar
volume:
PV =nRT, (3.9)

where (P) is the gas pressure, (V) is the gas volume, (n) is the number of moles, (R) is the universal
gas constant and (T) is the absolute temperature.

Because the simulated gas consists mainly of hydrogen and only a trace amount of water, ideal gas
behaviour could be a reasonable approximation. However the adsorption step was conducted at a
relatively high pressure of 25 bar, while the column pressure changed during depressurisation and
regeneration. Under these conditions, deviations from ideal gas behaviour could potentially affect the
calculated gas density, compressibility, enthalpy and temperature of the adsorption column. The Peng—
Robinson equation of state was therefore selected as the thermodynamic property method. It is a cubic
equation of state that accounts for intermolecular attractive and repulsive forces and is applicable over a
broad range of gas pressures and temperatures [61]. The general form of the Peng—Robinson equation
s RT ac(T)

P = —
Vm_b Vm(vm+b)+b<vm_b)

(3.10)

where (P) is the absolute gas pressure, (R) is the universal gas constant, (T) is the absolute gas tem-
perature, and (V,,,) is the molar volume of the gas, while (a), (b) and « are equation-of-state parameters
that account for the attractive and repulsive interactions between molecules.

The component-specific parameters (a) and (b) are calculated from the critical properties of each com-
ponent:
2T2
a= 0.45724RP = (3.11)

C

T
b= 0.07780}53 , (3.12)

C
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where T, and P, are the critical temperature and critical pressure of the component, respectively.

The temperature-dependent correction factor « is given by:
2

T
1 1—4/— 3.13
(i) aso
where & is a function of the acentric factor w:
Kk = 0.37464 + 1.54226w — 0.26992w2. (3.14)

The use of the Peng—Robinson equation allowed the compressibility and enthalpy of the gas phase to
be calculated more realistically than with the ideal-gas equation. This was particularly relevant for the
non-isothermal model, where gas expansion, pressure changes, heat of adsorption and heat transfer
together affected the temperatures of the gas and solid phases. The Peng—Robinson property method
was therefore used consistently for the calculation of the gas-phase properties throughout the adsorp-
tion, depressurisation, regeneration, cooling and repressurisation steps [61]

3.2. Process Flowsheet

The basic process flowsheet consisted of a wet hydrogen feed stream connected to the inlet of the
adsorption bed. The opposite end of the bed was connected to the product stream through which dried
hydrogen was collected during the adsorption step. A purge stream was connected to the product end
of the bed so that purge gas could flow counter current to the direction of the feed during regeneration.
The waste stream was connected to the feed end of the bed and was used to discharge gas during

depressurisation, blowdown and regeneration.
Product_Valve

Purge Purge_Valve

Product

F

M
1
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Figure 3.1: Aspen Adsorption flowsheet of the single-bed temperature swing adsorption process.

Valves were connected to the feed, product, purge and waste streams to control the direction and rate
of gas flow during the different stages of the TSA cycle. The opening and closing of these valves were
specified using the Cycle Organizer in Aspen Adsorption. The Cycle Organizer was used to define the
sequence, duration and operating conditions of the adsorption, depressurisation, regeneration, cooling
and repressurisation steps.
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3.3. Packed-Bed Model Configuration

The adsorption column was represented using the packed bed model available in Aspen Adsorption.
The model describes the temporal and spatial variations in gas composition, pressure, temperature
and adsorbed loading along the axial direction of the column. The governing equations of the packed
bed model consist of partial differential equations that describe mass, momentum and energy transport
within the adsorption column. Aspen uses Discretization which is a method by which complex partial
differential equations (PDEs) are converted to system of coupled ordinary differential equations (ODEs)
[62].

The first order upwind differencing scheme, denoted as UDS1 in Aspen Adsorption, was selected for
discretization of the model. UDS1 is the default discretisation scheme available in Aspen Adsorption
and is commonly used for dynamic adsorption simulations because of its numerical stability and rela-
tively low computational requirement. The adsorption bed was discretised into 20 axial nodes.

3.3.1. Momentum Balance

As the process gas flows through the packed bed, a pressure drop develops due to the resistance
offered by the adsorbent particles. This pressure drop influences the gas velocity, residence time and
overall adsorption performance [61]. Aspen Adsorption provides several momentum balance models
for calculating the pressure drop across the packed bed.

One of the available models is the Carman—Kozeny equation, which is applicable only to laminar flow
conditions. However, adsorption columns frequently operate over a range of flow regimes, particularly
during depressurisation and regeneration, where gas velocities change considerably.

For this reason, the Ergun equation was selected to calculate the pressure drop throughout the ad-
sorption cycle. The Ergun equation combines the Carman-Kozeny equation for laminar flow with the
Burke-Plummer equation for turbulent flow. It is one of the most widely used pressure-drop correlations
in adsorption modelling and is the default momentum balance model implemented in Aspen Adsorption

[61].
aP 1.5 % 1073(1 — &;)? s (1—e)
— == 1. 107°M -
0z (2rp1p)2e3 pog + 17510 Py 2rpe? Ya

(3.15)

where

» P is the gas pressure,

 z is the axial coordinate along the adsorption bed,
* ¢; is the inter-particle bed void fraction,

* r, is the adsorbent particle radius,

« ¢ is the particle shape factor or particle sphericity,
» 1 is the gas viscosity,

* vy is the superficial gas velocity,

* pg is the gas density, and

* M is the molecular weight of the gas mixture.

3.3.2. Material Balance

The material balance describes the transport of gaseous species through the adsorption column and
the transfer of adsorbate from the gas phase to the solid adsorbent. Aspen Adsorption provides several
material balance formulations depending on whether axial dispersion is considered.

In this study, the convection only model was selected. This model assumes the gas phase is trans-
ported solely by convection in the axial direction, while axial dispersion is neglected. The gas is also
assumed to behave as plug flow and concentration changes occur primarily due to convection and
mass transfer between the gas phase and the adsorbent particles. Assumption of neglecting axial
dispersion is considered appropriate because the adsorption column has a relatively large length to
particle diameter ratio, resulting in convective transport dominating over molecular diffusion.
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3.3.3. Kinetic Model

The adsorption equilibrium determines the maximum amount of water that can be adsorbed by the
adsorbent, whereas the kinetic model determines the rate at which equilibrium is approached. In a
packed adsorption column, several mass transfer resistances exist between the bulk gas phase and the
adsorption sites within the adsorbent particle. These include the external film resistance surrounding
the particle and the internal diffusion resistance associated with the pore structure of the adsorbent.

Aspen Adsorption provides several kinetic models to represent these mass transfer processes. In this
study, the lumped-resistance approach was adopted. The lumped resistance model assumes that the
overall mass trasnfer resistance can be represented by a single overall mass transfer coefficient, rather
than modelling each individual diffusion mechanism separately [63].

Among the available lumped resistance models, the Linear Driving Force (LDF) model was selected.
In the LDF model, the adsorption rate is assumed to be directly proportional to the difference between
the instantaneous loading and the equilibrium loading.

0 2% ey, (e — ) (3.16)
ot
8wi %
% MTC, (wf —w;) (3.17)

where
* w; is the instantaneous adsorbed loading,
* w; is the equilibrium loading,
* ¢; is the gas-phase concentration,
* ¢} is the gas concentration in equilibrium with the solid phase,
* MTC,, is the gas-film mass-transfer coefficient,
* MTC,, is the solid-phase mass-transfer coefficient, and
* ps is the adsorbent density.
The solid film formulation was selected for water adsorption on zeolite 4A

The LDF model requires specification of the solid phase mass transfer coefficient. A simplified rela-
tionship proposed by Naidu and Mathews was used to estimate the LDF coefficient from the effective
diffusivity and the adsorbent particle diameter [64]:

15D

kLpr = 18
LDF = 7 (3.18)
or equivalently,
60D,
kLop = — 5 (3.19)
p

where D.g is the effective diffusivity of water within the adsorbent particle, R, is the particle radius and
d, is the particle diameter.

Gorbach et al. investigated water vapour adsorption on zeolite 4A using experimentally measured
equilibrium data and fixed bed breakthrough experiments. The breakthrough curves were described
using a modified LDF model in which the kinetic coefficient was expressed as a function of water
concentration, temperature and pressure. Therefore, the study does not provide a single constant
value of the LDF coefficient applicable to all operating conditions [65].

However, Gorbach et al. reported an effective diffusivity of water on zeolite 4A of approximately
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Do = 6.8 x 1077 m?/s,

which was adopted in the present work.

For a zeolite 4A pellet diameter of

dp = 2 mm,

the particle radius is

R,=1x10""m.
Substituting the reported effective diffusivity into Equation 3.18 gives

15(6.8 x 1077)

et =021 (3.20)

LDF =

The calculated LDF coefficient of 10.2 s—! was first implemented in the Aspen Adsorption model. This
value produced a steep breakthrough curve, with breakthrough occurring at approximately 28,500 s.
To assess the sensitivity of the predicted breakthrough behaviour to the mass-transfer coefficient, a
second simulation was performed using ki.pr = 20 s~'. The breakthrough profile remained similarly
steep, while the breakthrough time decreased to approximately 19,250 s. This indicates that, within
the investigated range, the LDF coefficient had a stronger influence on the propagation rate of the
adsorption front than on the overall shape of the breakthrough curve.

For the subsequent cyclic TSA simulations, a constant value of 20 s~! was retained as a conservative
modelling choice with respect to breakthrough time, since it predicted earlier water breakthrough and
therefore a shorter allowable adsorption period. The adsorption step was subsequently selected as
14,000 s, which remains below the predicted breakthrough time. The value of 20 s—! should therefore
be regarded as a kinetic sensitivity based modelling assumption rather than an independently experi-
mentally fitted parameter..

900 T T T -
MTC =10.2s™ r —

MTC =20s"

Outlet H,0 concentration (ppmv)
N w B n D ~ ©
o o o o o o o
o o o o o o o
T T T T T T
1 1 | 1 1 1 1

o
o
T
|

| N | Jo

o PPV SpECTCTDT . 5 s .
Time (s) x10%

Figure 3.2: Effect of the linear driving force mass-transfer coefficient on the water breakthrough curve. The adsorption bed had
an internal diameter of 0.25 m, a packed-bed length of 0.75 m, and a Zeolite 4A pellet diameter of 2 mm. Wet hydrogen
containing 872 ppmv water was supplied at 25 bar, 298.15 K, and 0.0223 kmols—!. All operating conditions were kept

constant while the LDF mass-transfer coefficient was varied between 10.2 and 20 s~ 1.
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3.3.4. Adsorption Isotherm Selection

The adsorption isotherm describes the equilibrium relationship between the water loading on the ad-
sorbent and the water partial pressure in the gas phase at a specified temperature [61, 62]. Selection
of an appropriate isotherm model is essential because the predicted equilibrium loading directly affects
the calculated adsorption capacity, breakthrough time, regeneration performance and working capacity
of the adsorption bed.

An isotherm model can be selected by fitting selected models to experimentally measured adsorption
data. In this study, experimental water adsorption data reported by Yu Wang were used for model
fitting. The reported data contained equilibrium water loadings for zeolite 4A over a range of water
partial pressures and at multiple temperatures [66]

Several studies have represented water adsorption on zeolites using multi site Langmuir model, one
of the more recent work of Almas Mardanov reported tripple site langmuir model for water adsorption
on zeolite 4A [67, 68]. These models account for the heterogeneous adsorption behaviour of water by
assuming that adsorption takes place on more than one type of adsorption site. However, a triple-site
Langmuir model was not directly available among the standard isotherm models available in Aspen
Adsorption. Therefore, several available models were evaluated using the experimental data.

The candidate isotherm models considered were:

* Toth isotherm;

» Extended Langmuir isotherm;

+ Extended Langmuir 2 isotherm;
» Extended Langmuir 3 isotherm;
 Dual-Site Langmuir 1 isotherm;
 Dual-Site Langmuir 2 isotherm.

The parameters of each model were determined by nonlinear regression. The quality of each fit was
evaluated using statistical indicators, including the coefficient of determination, root-mean-square error
and normalised root-mean-square error. Particular attention was also given to the low-pressure region
because hydrogen drying involves the removal of trace quantities of water.

Among the tested models, the Dual-Site Langmuir 2 model provided the best overall representation of
the experimental water adsorption data. It reproduced both the pressure dependence and the temper-
ature dependence of the water loading more accurately than the other candidate models. Therefore,
the Dual-Site Langmuir 2 model was selected for the Aspen Adsorption simulations.

The Dual-Site Langmuir model assumes that adsorption occurs on two different groups of adsorption
sites. The total equilibrium loading is therefore expressed as the sum of the loading on site 1 and site
2:

(T\br +(T): (Tbo (T p:
Z: qs,l,z( )bLz( )pz + qs,2,z( )b2,l( )pz (321)
L+ biw(@pe 1+ ) baw(T)ps
k k

where ¢ is the equilibrium loading of component 4, p; is its partial pressure, ¢; 1 ; and gs 2 ; are the satu-
ration capacities of the two adsorption sites, and b, ; and b, ; are the corresponding affinity parameters.
The summation over k accounts for competition between all adsorbing components.

Since water was the only adsorbing component. Therefore, the summation contained only the contri-
bution of water, while hydrogen adsorption was neglected.

In the Dual-Site Langmuir 2 formulation implemented in Aspen Adsorption, the saturation capacities of
the two adsorption sites are expressed as linear functions of temperature:

4s1,i(T) = 1Py ; + 1P ;T (3.22)
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s,2,i(T) = IPs; + I P ;T (3.23)

The corresponding affinity parameters are expressed as:

b1.i(T) = IPs; exp (I 1;4> (3.24)

boi(T) = IP;; exp (I];&i> (3.25)

where IP; ; to IPg; are the fitted isotherm parameters for component ¢, and T is the absolute temper-
ature.

Substitution of the temperature-dependent saturation capacities and affinity parameters into the Dual-
Site Langmuir equation gives the Aspen Dual-Site Langmuir 2 formulation:

1P, 4 IP, 4
(IPy; +IP,;T)IPs;exp ( ;’ ) pi  (IPs;+ IPs;T)IP;;exp (;) Di
+
IP, I P
1+¥IP3’kexp< ;’k)pk 1—|—;IP7’kexp( ;’k>pk

In Equation 3.26, W; is the equilibrium adsorbed loading of component i, p; is its partial pressure, and
T is the absolute temperature. The first term represents adsorption on the first group of sites, while the
second term represents adsorption on the second group of sites.

W; =

(3.26)

An important advantage of the Dual-Site Langmuir 2 formulation is that both the saturation capacities
and the adsorption affinities can vary with temperature. The experimentally measured water loading
on zeolite 4A decreased as the temperature increased. The temperature dependent capacity terms in
Equations 3.22 and 3.23 allowed this behaviour to be represented directly, while the exponential affinity
terms described the reduction in adsorption strength with changing temperature. The model therefore
provided sufficient flexibility to represent the strongly nonlinear and temperature-dependent adsorption
of water on zeolite 4A over the investigated range of partial pressures. The fitted Dual-Site Langmuir
2 parameters used in Aspen Adsorption are presented in Table 3.1.

Table 3.1: Fitted Dual-Site Langmuir 2 parameters for water adsorption on zeolite 4A.

Parameter Fitted value

P, 2.1575 x 1073
IP, —1.1867 x 1076
1P, 2.7393 x 10*
IP, 1.05295 x 103
IP; 1.6673 x 102
IP;s —1.5422 x 1075
IP; 5.1976 x 1076
1P 6.5895 x 103

The parameters were fitted using pressure in bar, temperature in kelvin and adsorbed loading in
kmolkg~—!. The fitted parameters were entered directly into Aspen Adsorption using the same units.

The selected Dual-Site Langmuir 2 model produced a coefficient of determination of R2 = 0.9939 and
a root mean square error of 3.84 x 10~* kmolkg~!. The corresponding normalised root-mean-square
error was 0.0276. These results indicated that the model provided a satisfactory representation of the
measured equilibrium data over the investigated temperature and pressure range.
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Figure 3.3: Global Dual-Site Langmuir 2 fit for water adsorption on zeolite 4A at different temperatures.

Aspen Adsorption requires adsorption isotherm parameters to be specified for every component in-
cluded in the simulation. Therefore, isotherm parameters were also assigned to hydrogen. However,
hydrogen was treated as a non-adsorbing carrier gas because the adsorption affinity of hydrogen for
zeolite 4A is negligible compared with that of water under the operating conditions considered in this
study. To represent this behaviour, the adsorption parameters for hydrogen were assigned sufficiently
small values so that the predicted equilibrium hydrogen loading was effectively zero over the entire
pressure and temperature range investigated.

Table 3.2: Dual-Site Langmuir 2 parameters assigned to hydrogen.

Parameter Value
P, 1.0 x 10712
Ip, 0
I1P; 1.0 x 10712
IP, 0
1ps 1.0 x 10712
1P 0
1P; 1.0 x 10712
1P 0

3.3.5. Energy Balance

The energy balance governs the variation of gas and solid temperatures within the adsorption bed
throughout the temperature swing adsorption cycle. Unlike pressure swing adsorption, the regenera-
tion of the adsorbent in a TSA process is achieved by increasing the bed temperature. An accurate
prediction of the temperature distribution is essential because temperature directly influences the ad-
sorption equilibrium, adsorption kinetics and working capacity of the adsorbent.

Aspen Adsorption provides several energy balance formulations, including isothermal and non-isothermal
models. In this study, the Non-isothermal with gas and solid conduction option was selected. The ad-
sorption of water on zeolite 4A is an exothermic process, resulting in the release of heat during adsorp-
tion. Conversely, desorption during regeneration requires the supply of thermal energy and is therefore
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is an endothermic process. Assuming isothermal operation would neglect these temperature variations
and could therefore underpredict the temperature rise during adsorption and the temperature required
for regeneration. The predicted adsorption capacity, breakthrough behaviour and working capacity of
the adsorbent may also deviate from the actual process behaviour. For these reasons a non-isothermal
energy balance was considered more appropriate for this study.

The non-isothermal model required specification of the heat capacities, thermal conductivities, heat-
transfer coefficients and heat of adsorption. The values used in the Aspen Adsorption model were
either obtained from literature, calculated using established correlations or estimated from the selected
operating conditions.

Heat capacity of the solid adsorbent The thermal inertia of the zeolite 4A adsorbent was included
in the non-isothermal energy balance through the solid-phase specific heat capacity, C, ;. The temper-
ature dependence of the zeolite heat capacity was estimated using the correlation reported in [69],

Cps(T) = 850 + 0.94(T — 273) [Jkg™'K™']. (3.27)

Since the bed temperature varies during the TSA cycle, a representative temperature of approximately
373 K was used to obtain a constant heat capacity for the Aspen Adsorption model. This gives

Cy.5(373) = 850 + 0.94(373 — 273) = 944 Jkg 'K~ 1. (3.28)

Accordingly, a constant value of approximately

Cps ~9.0x107* MJ kg 'K™* (3.29)
was specified in Aspen Adsorption. The solid heat capacity therefore accounts for the sensible energy

required to heat and cool the zeolite bed during the TSA cycle and was included in the non-isothermal
simulations.

Heat capacity of the adsorbed phase Water was the only component assumed to undergo signif-
icant adsorption on zeolite 4A. Therefore, the heat capacity of the adsorbed phase was represented
using the specific heat capacity of water [69]:

Cpamn,o = 4120 Jkg P K™t (3.30)

Hydrogen was treated as a non-adsorbing carrier gas. Hence, its contribution to the heat capacity of
the adsorbed phase was set to zero:

Cpam, = 0. (3.31)

Heat of adsorption The heat of adsorption of water on zeolite 4A was determined from the temperature-
dependent equilibrium adsorption data using the Clausius—Clapeyron relation:

< OlnP ) _ ~ AH,gs (3.32)
q

o(1/T) R
where P is the equilibrium water partial pressure at a constant adsorbed loading, T is the absolute
temperature, R is the universal gas constant and AH, g4 is the heat of adsorption.

For a selected constant loading, a plot of In P against 1/T was constructed. The heat of adsorption
was calculated from the slope of the resulting line:
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Oln P
AH.4s = —R [} . (3.33)
d a(1/T) |,
The calculated magnitude of the heat of adsorption was approximately:
|AH 45| = 59 MJ kmol ™, (3.34)

equivalent to 59 kJmol~!. A constant heat of adsorption of 59 MJkmol~! was therefore used in the
Aspen Adsorption model.

Heat transfer coefficient The heat-transfer coefficient between the gas phase and the adsorbent
particles was estimated using the Nusselt-number correlation [70]:

Nu, =2+ L1Re)CPr!/3, (3.35)

where Nu, is the particle Nusselt number, Re, is the particle Reynolds number and Pr is the Prandtl
number. The Wakao correlation was developed for particle-to-fluid heat transfer in packed beds and
was correlated for particle Reynolds numbers of approximately 15 < Re,, < 8500 [70]. For the present
bed, the adsorption condition gives Re, ~ 206, which lies within this range. During the low-flow regen-
eration stages, however, the estimated Reynolds number decreases to approximately Re, ~ 1.6 — 7,
which is below the published correlation range. The application of the Wakao correlation during these
low-flow stages therefore represents an extrapolation and the resulting gas—solid heat transfer coeffi-
cient should be regarded as a screening level estimate. Experimental validation or comparison with a
correlation applicable to lower Reynolds numbers is recommended for further refinement of the model.

The corresponding gas to particle heat transfer coefficient was calculated as:
Nuykg

hys = —250, (3.36)
P

where h is the gas to solid heat transfer coefficient, &, is the thermal conductivity of the gas and d,, is
the adsorbent-particle diameter.

The particle Reynolds number was calculated using:

Re, = Paa’, (3.37)
Hg

and the Prandtl number was calculated from:

pr — Cratls. (3.38)
kg

where pg, uq, 1ty and C, , are the gas density, superficial gas velocity, dynamic viscosity and gas-phase
specific heat capacity, respectively.

The coefficient was evaluated at the heating-stage temperatures of 100°C, 150°C and 175°C. An
average value of:

hys =540 Wm 2 K~* (3.39)

was selected and applied as a constant value throughout the TSA simulation.
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Gas thermal conductivity The gas phase consisted predominantly of hydrogen, while the water con-
centration was only 872 ppmv. The contribution of water vapour to the overall gas thermal conductivity
was therefore assumed to be negligible. A constant hydrogen thermal conductivity of:

k, =020 Wm 1K' (3.40)
was used in the model [71].
Gas-to-wall heat transfer coefficient Heat transfer between the gas phase and the internal surface

of the adsorber wall was represented using a constant gas-to-wall heat transfer coefficient. A simplified
Nusselt-number relation for fully developed laminar internal flow was used [72]:

Nup = 3.66. (3.41)

The gas-to-wall heat-transfer coefficient was then calculated as:

o NuDkg

how = =52, (3.42)

where D is the internal diameter of the adsorption vessel.

The coefficient was evaluated at the heating-stage temperatures of 100°C, 150°C and 175°C. The
resulting average value was:

hgw =35 Wm 2K~ (3.43)
This value was specified as a constant gas-to-wall heat-transfer coefficient in Aspen Adsorption.
Heat transfer to the surroundings Heat transfer from the external vessel wall to the surroundings
was represented by natural convection under ambient conditions. Reported convective heat-transfer
coefficients under buoyancy driven natural convection conditions are typically in the range of approxi-

mately 5—25 Wm~2 K~! [73]. A constant value within this range was therefore adopted for the present
model:

hamp =7 Wm™?K™1, (3.44)

This value represents weak natural convection from the external vessel surface to the surrounding air.
In the unit system used in Aspen Adsorption, this is equivalent to:

hamp = 7 x 107 MWm 2K~ 1. (3.45)

Adsorber-wall properties The adsorption vessel was assumed to be manufactured from stainless
steel. The wall specific heat capacity was specified as [74]:

Cpw =500 Jkg P K1, (3.46)

while the wall thermal conductivity was specified as [74]:

kw =16 Wm 1K1, (3.47)

In the Aspen unit system, the wall thermal conductivity was entered as:

kw=1.6x 107" MWm 'K~ ' (3.48)
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The energy-balance options implemented in Aspen Adsorption are summarised in Table 3.3.

Table 3.3: Energy-balance assumptions used in Aspen Adsorption.

Parameter Selected option

Energy balance formulation Non-isothermal with gas and solid conduction
Heat capacity of adsorbed phase Constant

Heat of adsorption Constant

Heat-transfer coefficient Constant

Gas thermal conductivity Constant

Heat transfer to surroundings Rigorous

Gas-wall heat-transfer coefficient Constant
Solid heat capacity Constant

3.3.6. Bed Specifications and Feed-Flow-Rate Selection
The geometry of the adsorption column was selected using a bed height-to-diameter ratio of approxi-
mately 3 : 1. The internal diameter and packed-bed height were therefore specified as:

D=0.25m (3.49)
and
L =0.75 m. (3.50)
The resulting height to diameter ratio was:
L 075
Z 7 _3 .51
D 025 3 (3.51)

The cross-sectional area of the cylindrical adsorption bed was calculated as:

2
A= TDZ (3.52)
4
which gives:
2
A= O 61 1072 m2. (3.53)

According to Unit Operations of Chemical Engineering, the superficial gas velocity in a packed adsorp-
tion bed should typically be maintained within the approximate range of 0.15 to 0.45 ms~!. Operation
within this range helps limit the pressure drop across the packed bed while maintaining sufficient gas
throughput [75].

The upper value of the recommended range,
us =045 ms ™, (3.54)

was initially used to determine the maximum feed flow rate. The superficial velocity is defined as:

%z%, (3.55)
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where u, is the superficial gas velocity, V is the volumetric gas-flow rate evaluated at the bed inlet
conditions, and A is the cross-sectional area of the bed.

Rearranging Equation 3.55, the inlet volumetric flow rate was calculated as:

V = u,A. (3.56)

Substituting the selected superficial velocity and bed area gives:

V =(0.45) (491 x 1072) =221 x 107> m®s ™", (3.57)

The corresponding molar flow rate was estimated using the ideal-gas relationship:

PV = nRT, (3.58)
which can be rearranged as:
. PV

Using a feed pressure of 25 bar, equivalent to 2.5 x 105 Pa, and a feed temperature of 298.15 K, the
molar flow rate was calculated as:

(2.5 x 109) (2.21 x 1072)
(8.314)(298.15)
=922.3 mols™!

= 0.0223 kmols~*. (3.60)

A feed flow rate of 0.0223 kmols~! was therefore selected for the Aspen Adsorption simulations. This
flow rate corresponds to an inlet superficial velocity of approximately 0.45 ms~! at 25 bar and 298.15 K.

Although the Peng—Robinson equation of state was used within Aspen Adsorption to calculate the ther-
modynamic properties of the gas, the ideal-gas relation was considered adequate for the preliminary
feed flow rate estimate. The selected flow rate was subsequently entered directly into the rigorous
Aspen model.

3.4. Cycle Construction

Following the breakthrough simulation, a cyclic TSA process was constructed in Aspen Adsorption.
The cycle consisted of five sequential steps: adsorption, blowdown, heating (thermal regeneration),
cooling and repressurisation. Each step was implemented using the Aspen Cycle Organizer, which
controlled the opening and closing of the feed, product, purge and waste valves according to the oper-
ating sequence. The purpose of each step is described below.

Adsorption

During the adsorption step, wet hydrogen containing 872 ppmv water vapour entered the bottom of the
adsorption column through the feed valve at a flow rate of 0.0223 kmols~—'. Simultaneously, the product
valve was kept open, allowing the dried hydrogen product to leave the top of the bed.

As the gas flowed through the packed bed, water molecules were adsorbed by the zeolite 4A due to its
high affinity towards polar molecules, while hydrogen passed through the bed unadsorbed. The adsorp-
tion step was operated for 14 000 s, corresponding to approximately 73% of the predicted breakthrough
time, thereby preventing water breakthrough in the product stream.



3.4. Cycle Construction 34

Blowdown

At the end of the adsorption step, both the feed and product valves were closed and the waste valve
was opened. The bed pressure was reduced from 25 bar to 1 bar. The depressurisation was divided
into two steps to improve the numerical stability and convergence of the simulation.

Reducing the pressure decreased the equilibrium adsorption capacity of the adsorbent, resulting in
partial desorption of the adsorbed water. The blowdown step therefore recovered part of the adsorbed
moisture while simultaneously preparing the bed for thermal regeneration.

Heating (Thermal Regeneration)

Following blowdown, regeneration of the adsorbent was carried out using a hot hydrogen purge. A
fraction of the purified hydrogen product was recycled and introduced counter currently to the original
adsorption flow direction while the waste valve remained open.

Heating the bed increased the temperature of both the gas and solid phases, thereby reducing the equi-
librium adsorption capacity of zeolite 4A for water and promoting desorption of the retained moisture.
The desorbed water was continuously removed from the bed through the waste stream.

To improve numerical stability and avoid large thermal gradients, the regeneration temperature was
increased progressively through three temperature levels implemented in four heating stages. Two
consecutive stages were operated at 100 °C, followed by stages at 150°C and 175 °C..

Cooling

Following thermal regeneration, the adsorption bed was cooled to the adsorption temperature using a
flow of dry hydrogen introduced through the purge connection. Cooling reduced the bed temperature
to approximately 25 °C, restoring favourable adsorption conditions for the subsequent cycle. During
this step, the remaining desorbed water was also flushed from the bed before repressurisation.

Repressurisation

In the final step of the cycle, the bed pressure was increased from 1 bar back to the adsorption pressure
of 25 bar using purified hydrogen. This restored the initial operating conditions of the adsorption column
and prepared the bed for the next adsorption cycle.

Table 3.4 gives a summary of the main cycle steps used in the TSA simulation. It presents the dura-
tion, pressure range, valve coefficient C,,, and flow rate for each step, including adsorption, blowdown,
heating, cooling, and repressurisation.

The cycle step durations were not prescribed from a single analytical correlation, but were determined
from the dynamic response of the Aspen Adsorption model. A physical end criterion was defined for
each step and the corresponding duration was refined iteratively until the required pressure, tempera-
ture or regeneration condition was reached with stable numerical convergence.

The adsorption duration was determined independently from the breakthrough simulation. For the
selected kinetic model, water breakthrough occurred at approximately 19,250 s. An adsorption time of
14,000 s was therefore selected, corresponding to approximately 72.7% of the predicted breakthrough
time and providing a safety margin of 5,250 s.

The blowdown duration was selected to reduce the bed pressure progressively from 25 to 1 bar. The
pressure reduction was divided into two stages, 25 — 6 bar and 6 — 1 bar, to avoid an abrupt pressure
transient and to improve numerical stability. The resulting durations were 1,500 and 2,000 s, respectively.

The regeneration sequence was similarly developed by progressively increasing the purge temperature
and flow rate. The initial 100°C stages were used to provide a gradual transition from blowdown to
thermal regeneration, after which the purge temperature was increased to 150°C and finally 175°C. The
final 175°C stage was maintained for the longest period because the thermal front had to propagate
through the complete bed and reduce the residual adsorbed water loading before cooling.

Cooling was continued until the bed temperature returned approximately to the adsorption temperature
of 25°C. Repressurisation was then continued until the bed pressure returned from 1 to 25 bar. The
final durations reported in Table 3.4 therefore represent the converged cycle settings obtained from the
sequential dynamic simulations rather than independently prescribed literature values.
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Table 3.4: Operating conditions for the TSA cycle steps.

Cycle step Time (s) Pressure Cy flowrate (kmols™?)
(bar) (kmols™* bar™?)

Adsorption 14 000 25 - 2.23 x 1072

Blowdown 1 1500 25 — 6 2.0 x 107° -

Blowdown 2 2000 6 —1 1.5 x 1076 -

Heating at 100 °C, 1000 1.25 =1 3.0x 1077 -

Stage 1

Heating at 100 °C, 3000 1.25 =+ 1 - 2.0 x 107* (1%)

Stage 2

Heating at 150 °C 3000 1.25 =1 - 1.0 x 107 (5%)

Heating at 175 °C 8000 1.25 =1 - 1.0 x 1072 (5%)

Cooling 3000 1.25 =1 - 2.0 x 1073 (10%)

Repressurisation 2000 1—25 2.5 x107° -

Note: The percentages indicate the purge gas flow rate relative to the adsorption feed flow rate.

TSA DRYING SYSTEM (ONE BED)
Regeneration Heater TSA Cooler
l Dry Product H,
Storage Tank
Compressor
Aftercooler
Wet H,
10 bar g
TSA BED
144 °C — 25°C i
10 — 25 bar (Zfzohte 4A)
Feed to bed 3
(Adsorption)
— Adsorption / product gas (dry H,) \ > Waste Tank
—» Hot regeneration gas (Desorbed H,0)
—» Cooled regeneration gas H
—» Waste gas (desorbed moisture)

Figure 3.4: Simplified process-flow diagram of the TSA hydrogen-drying system. A single adsorption bed is shown for clarity.
Wet hydrogen is compressed, aftercooled and dried in the TSA bed, while a fraction of the dry product hydrogen is used for
regeneration and cooling in counter-current operation. The complete continuous process consists of three identical TSA beds
operated in a staggered cycle.

3.4.1. Process equipment sizing

The main process equipment was sized using the operating conditions obtained from the Aspen Adsorp-
tion simulations together with the corresponding mass and energy requirements of the TSA process.
For each unit, the process requirement was first calculated and a design capacity was subsequently
selected. The resulting equipment-sizing basis is summarised in Table 3.5.
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Table 3.5: Sizing basis and selected capacities of the main TSA process equipment.

Equipment Sizing basis Calculated Selected/design
requirement value
Hydrogen Compression of 76.9 kW shaft 90 kW motor
compressor 0.0223 kmols~! H, from 10 to power; 80.9 kW
25 bar electrical power
Compressor Cooling compressed hydrogen  76.9 kW cooling 85 kW design duty

aftercooler
TSA adsorption

vessels

Regeneration
heater

TSA cooling-gas
cooler

Waste receiver

from approximately 144 °C to
25°C

Bed dimensions and adsorbent
inventory required by the
adsorption model

Maximum thermal requirement
during hot-gas regeneration

Sensible heat removed from
the regenerated bed during the
3000 s cooling step

Gas and desorbed-water
discharge during blowdown
and regeneration

duty

D =0.25 m,
L=0.75m,
approximately 28 kg
zeolite per bed
4.365 kW maximum
thermal duty

1.78 kW cooling
duty

Sized from the
maximum
waste-stream
hold-up

Three identical
TSA vessels

5.238 kW design
thermal duty;
approximately

6 kW electrical
capacity

2.5 kW selected
capacity

Dedicated waste
receiver

Hydrogen compressor

The compressor was sized from the hydrogen feed flow rate and the required pressure increase from
10 to 25 bar. The calculated isentropic compression requirement corresponded to a shaft power of
76.9 kW. Accounting for a motor efficiency of 0.95, the electrical requirement was 80.9 kW. A nominal
motor capacity of approximately 90 kW was therefore selected.

Compressor aftercooler

Compression increased the hydrogen temperature to approximately 144 °C. The aftercooler was sized
to reduce the gas temperature to the adsorption inlet temperature of 25 °C. The corresponding calcu-
lated cooling duty was 76.9 kW. After application of the design allowance, an aftercooler capacity of
approximately 85 kW was selected.

TSA adsorption vessels

The adsorption vessels were sized directly from the packed-bed dimensions used in the Aspen Adsorp-
tion model. Each bed has an internal diameter of 0.25 m and a packed length of 0.75 m, containing
approximately 28 kg of zeolite 4A. Three identical beds were used to permit staggered operation and
continuous hydrogen drying.

Regeneration heater

The regeneration heater was sized from the maximum thermal requirement of the hot hydrogen purge
stream. The maximum calculated heater duty was

Qheater,max = 4.365 kW. (361)

A 20% design allowance was applied:

Qneater design = 1.20(4.365) = 5.238 kW. (3.62)
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For a heater efficiency of 90%, the corresponding electrical requirement is approximately 5.82 kW. A
nominal 6 kW heater was therefore selected.

TSA cooling-gas cooler

The cooling-gas cooler was sized from the sensible heat that must be removed during the cooling
stage. The calculated heat-removal requirement was approximately 5.34 MJ per bed cycle. For a
cooling duration of 3000 s,

. .34 x 108
Ocool = % — 178 kW. (3.63)

After allowing additional design capacity, a cooler capacity of 2.5 kW was selected.

3.5. Techno-Economic Analysis

A techno-economic analysis (TEA) was performed for the selected three-bed TSA process to estimate
the incremental capital investment, annual operating expenditure, and levelized cost associated with
drying the hydrogen stream. The economic analysis was carried out using OpenPyTEA, an open source
Python based techno-economic analysis framework [76]. Process conditions, equipment duties, and
operating requirements obtained from the Aspen Adsorption model were used as the technical basis
for equipment sizing and costing. All purchased equipment cost correlations used in the deterministic
economic analysis were selected from the built-in OpenPyTEA equipment-cost database [76]. The
corresponding correlation types, sizing variables and validity limits were retained as implemented within
OpenPyTEA

Upstream hydrogen production by electrolysis was excluded from the economic boundary; therefore,
the calculated levelized cost represents only the additional cost of the hydrogen-drying section.

System Boundary

The TEA boundary was defined around the equipment required to compress, cool, dry, regenerate,
and return the hydrogen stream to the dry-product header. Wet hydrogen enters the drying section at
10 bar and is compressed to 25 bar, aftercooled, and then treated in the three-bed TSA system. The
dry product is sent to the common dry hydrogen product header.

During regeneration, a slipstream of dry product hydrogen is taken from this header, heated, and intro-
duced counter-currently into the bed being regenerated. During the subsequent cooling step, dry hy-
drogen is passed through the cooling-gas cooler before entering the regenerated bed. Gas discharged
during blowdown, regeneration, and cooling is directed to a waste receiver.

The final equipment boundary consequently consists of the hydrogen compressor, compressor after-
cooler, three TSA pressure vessels, automated switching valves, regeneration gas heater, TSA cooling-
gas cooler, and waste receiver. The process boundary is shown in Figure 3.4.

Equipment Sizing and OpenPyTEA Cost Correlations

Equipment purchase costs were estimated using only correlations contained in the OpenPyTEA equipment-
cost database. The cost data underlying these correlations originate from published equipment-cost
correlations implemented within OpenPyTEA, including the Towler correlations for compressors and
pressure vessels and the Nexant correlation for heat exchangers [76]. The resulting purchased-equipment
costs were therefore correlation-based estimates rather than vendor quotations. External equipment-
cost correlations were not introduced into the deterministic base case. The correlation selected for
each item was chosen according to the physical equipment type, the sizing variable required by the
correlation, and its stated validity range. The final basis is summarized in Table 3.6.
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Table 3.6: Equipment sizing and OpenPyTEA Cost correlation/source used for the corrected TSA techno-economic analysis.

Equipment Sizing input OpenPyTEA Costing basis
representation

Hydrogen 93 kW cost floor; Reciprocating Towler correlation; lower
compressor required shaft compressor validity limit used because the

power 76.9 kW required shaft power lies below

the 93 kW correlation minimum

Compressor 76.9 kW process Heat exchanger Nexant duty-based
aftercooler duty heat-exchanger correlation
TSA vessels (3) 120 kg shell-mass Vertical 304SS Towler pressure-vessel

cost floor per vessel pressure vessel correlation; actual calculated

shell mass is approximately
23.7 kg per vessel
Regeneration- 5.238 kW design Heat exchanger Nexant duty-based
gas heater thermal duty heat-exchanger correlation
used as an indirect small
gas-heater cost proxy

TSA cooling-gas 2.5 kW thermal duty Heat exchanger Nexant duty-based
cooler heat-exchanger correlation
Waste receiver Shell mass Horizontal Towler pressure-vessel
carbon-steel pressure correlation
vessel

The compressor requires 57.7 kW of ideal-fluid compression power. With an isentropic efficiency of
75%, the required shaft power is 76.9 kW, while the electrical input becomes 80.9 kW after applying
a motor efficiency of 95%. These quantities serve different purposes in the TEA: shaft/driver power
is the relevant equipment-costing quantity, whereas electrical input determines compressor electricity
consumption.

Several compressor correlations available in OpenPyTEA were screened. The reciprocating-compressor
correlation was retained because it is the most appropriate built-in representation for the relatively small
hydrogen flow and the required pressure increase. Its stated driver-power range begins at 93 kW. Be-
cause the calculated shaft power of 76.9 kW is below this lower limit, direct extrapolation was avoided
and 93 kW was used only as the CAPEX costing floor. The physical compressor duty was notincreased:
76.9 kW remains the required shaft power and 80.9 kW remains the electrical demand used for OPEX.

The compressor aftercooler and TSA cooling-gas cooler were represented using the OpenPyTEA Nex-
ant heat-exchanger correlation. Thermal duties were converted from kW to MMBTU h—! using

QumpTU/m = 0.00341214 Qi - (3.64)

The three TSA columns were represented as vertical 304 stainless-steel pressure vessels. For the
selected bed dimensions and 5 mm wall thickness, the calculated cylindrical shell mass is approximately
23.7 kg per vessel. This lies below the 120 kg lower validity limit of the selected OpenPyTEA vessel
correlation. Therefore, 120 kg per vessel was used as a conservative costing floor, while the physical
vessel mass remained 23.7 kg.

For a cylindrical shell,
T
Mghell = Z (Dg - D?) LPS» (365)

where D, and D; are the outer and inner diameters, L is the cylindrical shell length, and p; is the vessel
material density.
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The regeneration-gas heater required separate treatment because the dedicated small-heater options
in the OpenPyTEA database were not suitable for the present service. The maximum calculated ther-
mal duty delivered to the regeneration gas was 4.365 kW. Applying a 20% design margin gives

Qneater design = 1.20(4.365) = 5.238 kW. (3.66)

The final CAPEX model therefore represented the regeneration gas heater using the builtin Nexant duty
based heat exchanger correlation as a screening level proxy for a small indirect gas heater. This choice
remains entirely within the OpenPyTEA cost database and avoids application of the cylindrical-furnace
correlation, which produced an implausibly high cost for the very small heater duty. The process equip-
ment is nevertheless referred to as a regeneration gas heater throughout the thesis. The limitation of
using a generic duty based heat exchanger as the economic proxy is stated explicitly when interpreting
the TEA.

The waste receiver was retained as a preliminary low pressure carbonsteel vessel for gas released
during blowdown and regeneration. Its calculated shell mass was supplied to the horizontal pressure-
vessel correlation. Detailed sizing and correlation calculations are provided in Appendix B.

OpenPyTEA Installation and Fixed-Capital Method

The purchased-equipment costs obtained from the selected correlations were converted to direct in-
stalled costs using the standard installation factors implemented in OpenPyTEA. No external instal-
lation multipliers were substituted in the deterministic base case. In general, OpenPyTEA calculates
direct cost as

Cdirect = Cp [(1 + fpiping)fmaterial + ferection + felectrical + finstrumentation + fcivil + fstructural + flagging} ’
(3.67)

where C,, is purchased equipment cost and the f terms are the installation and material factors assigned
by OpenPyTEA [76]. For the default fluid process carbonsteel equipment, these factors correspond to
a direct to purchased cost ratio of approximately 3.20. For the 304SS TSA vessels the material factor
increases the corresponding ratio to approximately 3.74. These default factors were retained to keep
the capital-cost methodology internally consistent with OpenPyTEA rather than tuning the installation
basis to obtain a particular LCOP value [76].

The Netherlands location factor was subsequently applied to obtain the ISBL capital basis. For the inte-
grated drying-section boundary, the OSBL allowance was set to 20% of ISBL. Design and engineering
and contingency were then calculated using 30% and 10%, respectively, consistent with the selected
OpenPyTEA project configuration. In simplified form,

CossL = fosLCIsBL, foseL = 0.20, (3.68)

and

Crcr = (Ciser + Cossr) (1 + foek + foont) (3.69)

with fper = 0.30 and feony = 0.10. The 20% OSBL assumption reflects the treatment of the TSA unit
as an incremental process section integrated within a larger hydrogen-production facility rather than as
a fully independent greenfield plant. The effect of the OSBL assumption was included explicitly in the
uncertainty analysis.

Treatment of Switching Valves and Adsorbent

The three-bed TSA configuration requires four principal automated switching valves per bed. The
valves are part of the physical process boundary, but no suitable automated process-valve cost cor-
relation was available in the OpenPyTEA equipment database. Consequently, the twelve switching
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valves were not entered as separate purchased-equipment items. Their piping, instrumentation, elec-
trical, and installation requirements are partly captured through the general OpenPyTEA installation
factors. The omission of a separate valve purchase cost remains a limitation of the screening-level
TEA.

Likewise, no applicable built-in OpenPyTEA cost correlation was available for zeolite 4A. To preserve
an OpenPyTEA-only equipment-costing basis, no external adsorbent supplier price was added to the
deterministic CAPEX. The initial zeolite charge and replacement cost are therefore not represented
explicitly and should be considered when interpreting the reported drying cost.

Energy Consumption and Variable OPEX
The variable operating expenditure included electricity for the hydrogen compressor and the regeneration-
gas heater. Compressor electricity was calculated from

Ecomp,d = PcompA,el X 24; (370)

where Peomp el = 80.9 KW.

The staged heating calculation gives a sensible-energy requirement of

Qregen 1, = 47.13 MJbed ! cycle™. (3.71)

This is the sensible energy supplied to the regeneration hydrogen and was used for heater OPEX. It
was not added to the separately calculated 25.18 MJ bed-regeneration thermal requirement, because
doing so would double count two different descriptions of the regeneration-energy demand.

For a heater efficiency n, = 0.90, the electrical energy per bed cycle is

Qregen,HQ (372)

Eheat c =
,cycle )
T 3.6

where the factor 3.6 converts MJ to kWh. For cycle time t.yci. and Npeq beds,

86400
Eheat,d = Eheat,cycle () Nbed> (373)
tcycle
and
Eel,d = Ecomp,d + Eheat,d~ (374)

The base-case active cycle time was 37,500 s and the three-bed arrangement was used in the energy
calculation. The later 4,500 s pressurised standby period increases the complete bed-repeat interval
to 42,000 s. Retaining 37,500 s for the economic energy conversion is therefore slightly conservative
because it predicts a greater number of regeneration events per day.

The thermal duties of the compressor aftercooler and TSA cooling-gas cooler were used for equipment
sizing but were not treated as direct electrical loads. No additional cooler electricity was included
because a specific cooling-system power requirement was not defined.

Economic Assumptions and Fixed OPEX

A target cost year of 2024 was used. OpenPyTEA escalated the underlying correlations from their
original cost years using the indices available within the software. The plant location was specified
as the Netherlands and costs were reported in euros. A 2024 annual-average exchange basis of
1 EUR = 1.0824 USD was used for conversion of dollar-based correlations.

The base-case assumptions are summarized in Table 3.7.
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Table 3.7: Base-case assumptions used in the corrected OpenPyTEA analysis.

Parameter Value Unit
Target cost year 2024 -

Project lifetime 20 years
Discount/interest rate 9 %

Plant utilization 100 %
Electricity price 0.246 EURKWh—!
Operator hourly rate 35.21 EURKh™!
Allocated operators 1 FTE
OSBL factor 20 % of ISBL
Design and engineering 30 %
Contingency 10 %
Working-capital factor 15 % of FCI
Annual dry H, production  1.325388 x 106 kgyear—!
Heater efficiency 90 %
Number of TSA beds 3 -

TSA active cycle time 37500 s

The annual dry-hydrogen production was obtained from the continuous three-bed net production rate
of 151.3 kgh~1:

MH, annual = 151.3(24)(365) = 1.325388 x 10° kg year ™. (3.75)

The OpenPyTEA default automatic staffing method is intended for a stand-alone process plant and,
for the present flowsheet, would assign 13 operators. That assumption was considered inconsistent
with the incremental system boundary, where the TSA unit is integrated with an existing hydrogen-
production facility. The corrected base case therefore assigns one full-time-equivalent operator to
represent the incremental operational workload associated with the drying unit. This does not imply
that the hydrogen facility is unattended; it means that only the labour attributable to the TSA section is
charged to the incremental drying cost.

For the same reason, fixed-OPEX categories that are not considered incremental to the drying section
were set to zero: laboratory charges, additional land rent, general plant overhead, patents and royalties,
distribution and selling, and research and development. Labour, supervision, salary overhead, mainte-
nance, taxes and insurance, environmental charges, operating supplies, and working-capital interest
were retained. The operator requirement was also examined separately as a deterministic sensitivity
because the distinction between integrated and stand-alone staffing is a structural scenario rather than
a random process fluctuation.

Levelized Cost of Hydrogen Drying

The economic performance of the TSA unit was represented by the levelized cost calculated using
the OpenPyTEA discounted cash-flow model [76]. Because the upstream hydrogen-production cost
is outside the system boundary, this quantity is interpreted as the incremental cost of converting wet
hydrogen into specification-grade dry hydrogen.

In general,
N
Z Ccarex,t + CopPEX t
— (1+4)t
LCOP = =0 ~ , (3.76)
Z MH, ¢t
= )

where Ccapex,: and Copgex ¢ are the capital and operating costs in year ¢, my, + is the corresponding
dry hydrogen production, i is the discount rate, and N is the project lifetime. The LCOP is therefore
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reported in EUR per kg of dry hydrogen. The complete OpenPyTEA cash-flow treatment, including
construction-period expenditure, production ramp, working capital, and discounting, is documented in
Appendix B.

Sensitivity and Monte Carlo Uncertainty Analysis

The deterministic TEA represents one combination of technical and economic assumptions. A com-
bined Monte Carlo uncertainty analysis was therefore used to quantify the spread in LCOP, and Spear-
man rank correlation coefficients were used to identify which uncertain inputs exert the strongest influ-
ence.

The uncertain variables were divided into economic uncertainties and technical process uncertainties.
Published statistical distributions were not available for every parameter specific to the present TSA
design. Consequently, the ranges were treated as transparent screening-level uncertainty assumptions
rather than as experimentally measured population statistics. Bounded truncated-normal distributions
were used to prevent physically or economically unreasonable samples. The final uncertainty inputs
are summarized in Table 3.8.

Table 3.8: Input uncertainties used for the corrected combined technical-economic Monte Carlo analysis.

Parameter Base/location Assumed o Lower bound Upper bound
CAPEX multiplier 1.00 0.20 0.70 1.50
OSBL factor 0.20 0.05 0.10 0.30
Interest rate 0.09 0.02 0.05 0.13
Project lifetime [yr] 20 5 10 30
Electricity price [EURKkWh~1] 0.246 0.04 0.15 0.35
Operator rate [EURh™!] 35.21 7.0 20.0 50.0
Compressor electrical power 80.9 8.09 64.72 97.08
[kW]

Regeneration energy 47.13 7.07 32.99 61.27
[MJ cycle™!]

TSA cycle time [s] 37500 3750 30000 45000
Dry-H, production rate [kgh—!] 151.3 7.565 136.17 166.43

The CAPEX multiplier represents uncertainty in the screening-level equipment and installed-capital
estimate. The OSBL factor independently captures uncertainty in the extent to which off-site infras-
tructure is shared with the surrounding hydrogen facility. Interest rate, project lifetime, electricity price,
and operator rate represent economic scenario uncertainty. The technical variables were assigned
bounded engineering uncertainties around the Aspen-based base case because plant-specific exper-
imental standard deviations were not available. For the technical parameters, standard deviations of
approximately 10% were assumed for compressor electrical power and TSA cycle time, 15% for regen-
eration energy, and 5% for the dry-hydrogen production rate.

Each Monte Carlo realization propagated the sampled technical variables through the physical cost
drivers rather than applying a random multiplier directly to the final LCOP. In particular, sampled com-
pressor power altered annual compressor electricity, sampled regeneration energy and cycle time
altered annual heater electricity, and sampled dry-hydrogen production changed the annual product
denominator. Sampled CAPEX, OSBL, interest rate, lifetime, electricity price, and labour rate were
propagated through the corresponding capital, OPEX, and discounted cash-flow calculations.

A total of 10,000 Monte Carlo realizations were evaluated. The central 95% uncertainty interval was
defined from the 2.5th and 97.5th percentiles of the resulting LCOP distribution; it is therefore reported
as an uncertainty interval rather than a statistical confidence interval.

The relative influence of each uncertain input was quantified using the Spearman rank correlation co-
efficient,

ps = corr [rank(X), rank(LCOP)], (3.77)
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where X denotes an uncertain input. Positive values indicate that increasing the parameter tends to
increase LCOP, while negative values indicate an inverse relationship. The magnitude of |p,| provides
a measure of the relative strength of the monotonic relationship. The resulting Monte Carlo distribution
and sensitivity ranking are presented in the Results section.



Results and Discussion

4.1. Selection of TSA over PSA/VPSA

Pressure-based regeneration was investigated before the final TSA cycle was selected. Depressurisa-
tion from 25 bar to 1 bar produced only a limited reduction in the adsorbed-water loading. This result
is consistent with the strong affinity of Zeolite 4A for water: lowering the pressure reduces the water
partial pressure and promotes desorption, but under the investigated conditions the pressure reduction
alone did not restore sufficient working capacity for repeated deep drying.

Vacuum-assisted regeneration improved desorption. The deepest successfully evaluated vacuum
case, at approximately 0.007 bar, produced a lower residual loading than conventional pressure-swing
regeneration. However, a stable multi-cycle VPSA solution could not be obtained because the Aspen
Adsorption simulation failed during the following cycle. This numerical failure should not be interpreted
as proof that VPSA is physically infeasible. It shows that further optimisation of the pressure transi-
tions, valve coefficients, step durations and solver settings would be required before a reliable cyclic
comparison with TSA could be made.

In contrast, the TSA configuration could be simulated through repeated cycles to cyclic steady state
while maintaining the required product-water specification. TSA was therefore selected for the final pro-
cess analysis because it was the regeneration strategy for which both effective adsorbent regeneration
and stable cyclic operation were demonstrated under the selected model conditions.

4.2. Breakthrough Behaviour and Selection of Adsorption Time

A breakthrough simulation was performed to determine the maximum duration for which the adsorption
bed could produce hydrogen satisfying the required water specification. The variation of the outlet
water concentration with time is presented in Figure 4.1. Breakthrough was defined as the point at
which the outlet water concentration exceeded the product specification of 5 ppm.

At the beginning of the adsorption step, the outlet water concentration remained close to zero because
water was strongly adsorbed by the initially regenerated Zeolite 4A. The concentration remained below
the required 5 ppmv limit for an extended period, demonstrating that the bed was capable of producing
hydrogen that satisfied the specified moisture requirement.

The first breakthrough was observed at approximately

tbreakthrough = 19250 S,

when the outlet water concentration increased beyond 5 ppm. After breakthrough, the outlet concentra-
tion increased rapidly and eventually approached 872 ppm, corresponding to the water concentration
in the wet hydrogen feed. This steep increase indicates that the mass-transfer zone had reached the
outlet of the bed and that the available adsorption capacity was nearly exhausted.

44
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Figure 4.1: Simulated water breakthrough curve for hydrogen drying using Zeolite 4A. The dashed horizontal line represents
the product water specification of 5 ppmv.

Although breakthrough occurred at approximately 19 250 s, an adsorption time of

tads = 14000 s

was selected for the TSA cycle. The selected adsorption time therefore provides a safety margin of

Atgafety = threakthrough — tads = 19250 — 14000 = 5250 s.

The adsorption step was therefore terminated at approximately 72.7% of the breakthrough time obtained
from the simulated breakthrough curve.

ads 14
& x 100 = 000
tbreakthrough 19250

x 100 = 72.7%.

Stopping the adsorption step before the onset of breakthrough prevents the mass-transfer front from
reaching the product end of the bed. The selected duration also provides operational flexibility for pos-
sible cycle-to-cycle variations in bed loading, regeneration efficiency, temperature and flow conditions.
Therefore, 14000 s was used as the adsorption duration in the subsequent TSA cycle simulations to
ensure that the produced hydrogen remained below the 5 ppm water specification.

The selected adsorption time is therefore intentionally shorter than the simulated breakthrough time.
Extending the adsorption step would increase bed utilisation and the amount of hydrogen processed
per adsorption event, but it would also move the mass-transfer zone closer to the product outlet and
reduce the margin against water breakthrough. The 14 000 s adsorption period was therefore retained
as a compromise between bed utilisation and protection of the product-water specification.

4.3. Solid Water Loading During the TSA Cycle

The variation of the adsorbed water loading at different axial positions of the bed during one complete
TSA cycle is presented in Figure 4.2. Nodes 1, 5, 10 and 15 represent progressively higher positions
along the adsorption bed, with Node 1 located close to the wet-hydrogen feed inlet.
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Figure 4.2: Evolution of the water loading on Zeolite 4A at axial nodes 1, 5, 10, and 15 during one complete TSA cycle.

During the adsorption step, extending from 0 to 14000 s, the water loading increased first at the feed
end of the bed. Node 1 reached a loading of approximately

qu,0 ~ 0.0138 kmol kg !

within the initial part of the adsorption step. Node 5 reached a similar loading after approximately 5 000 s,

whereas Node 10 became saturated after approximately 10000 s. The delayed increase in loading at
successive axial positions represents the movement of the water mass-transfer zone through the bed.

At the end of the selected adsorption period, Nodes 1, 5 and 10 were close to their equilibrium loading.
In contrast, the loading at Node 15 remained considerably lower, at approximately

gH,0,Node 15 ~ 6 X 10™* kmol kg_l.

This result indicates that the water adsorption front had not yet reached the upper section of the bed
after 14000 s. Therefore, a relatively dry section of adsorbent remained between the mass-transfer zone
and the product outlet. This unused section acted as a protective mass-transfer zone and prevented

the outlet water concentration from exceeding the 5 ppmv product specification.

During the blowdown period between 14000 and 17500 s, only a small change in solid loading was
observed. Reducing the pressure from 25 bar to 1 bar was therefore insufficient to remove a significant
fraction of the strongly adsorbed water. This behaviour is expected because water has a high affinity
for Zeolite 4A, and pressure reduction alone provides only limited regeneration under the investigated

conditions.

A significant reduction in solid loading occurred during the subsequent heating period. The decrease
was first observed at Node 10, followed by Nodes 5 and 1. This sequence resulted from the counter-
current introduction of heated dry hydrogen from the product end of the bed. The regeneration front

moved in the direction opposite to the adsorption front.

The temperature increase reduced the equilibrium water capacity of Zeolite 4A and promoted the trans-
fer of adsorbed water from the solid phase to the gas phase. The desorbed water was subsequently
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carried out of the bed through the waste outlet by the regeneration gas. Node 10 reached its regener-
ated loading earlier than Nodes 5 and 1 because it was located closer to the hot-purge inlet.

At the end of the heating and cooling periods, the loading at Nodes 1, 5 and 10 decreased to approxi-
mately

Gend,regen ~ 1.8 x 1073 kmol kgil.

The approximate local working capacity of the adsorbent in the substantially loaded regions of the bed
can therefore be estimated as

Aq = Gend,ads — {end,regen;

which gives
Agq = 0.0138 — 0.0018 = 0.012 kmol kg .
This corresponds to an approximate regeneration of

(end,ads — end,regen
Thregen = X 100,

(end,ads

resulting in

. 0.0138 —0.0018

regen ~ x 100 ~ 87%.
Ihreg 0.0133 %

The loading remained nearly constant during the final cooling and repressurisation steps, indicating
that no significant readsorption occurred when dry hydrogen was used for cooling and repressurisation.
Although the adsorbent was not completely regenerated to a zero water loading, the residual loading
was substantially lower than the loading reached during adsorption. The resulting working capacity
was therefore considered sufficient for operation in the subsequent TSA cycle.

The comparison between blowdown and heating also explains the selection of thermal regeneration.
Blowdown alone caused only a small reduction in water loading, whereas the staged heating sequence
reduced the loading from about 0.0138 to 0.0018 kmol kg ! in the substantially loaded region of the bed.
The large improvement during heating shows that temperature increase was the main driving force for
restoring the working capacity of Zeolite 4A under the investigated conditions.

4.4. Temperature Behaviour During the TSA Cycle

The gas and solid temperature profiles at selected axial positions during one complete TSA cycle are
presented in Figure 4.3 and Figure 4.4, respectively. Nodes 1, 10 and 20 represent the feed end,
middle section and product end of the adsorption bed, respectively. During regeneration, the heated
dry hydrogen was introduced counter-currently from the product end of the bed. Node 20 was therefore
the first position exposed to the hot regeneration gas.

The simulated gas and solid temperatures were found to be almost identical throughout the cycle. This
indicates that the heat-transfer resistance between the hydrogen gas and the Zeolite 4A particles was
small under the investigated conditions.

During the adsorption step, from 0 to 14 000 s, the temperature remained close to the feed temperature
of approximately 25°C throughout the bed. The absence of a large temperature increase during this
period indicates that the heat generated by water adsorption did not produce substantial long-term heat
accumulation under the simulated operating conditions.

Following adsorption, the bed was depressurised from 25 bar to approximately 1 bar. A reduction in tem-
perature was observed during this blowdown step. The strongest cooling occurred at Node 20, where
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Figure 4.3: Gas-temperature profiles at selected axial positions during one complete TSA cycle. The solid-phase temperature
followed an almost identical profile and is therefore not shown separately.
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Figure 4.4: Solid-temperature profiles at selected axial positions during one complete TSA cycle.
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the temperature decreased to approximately —55°C. In comparison, the temperatures at Nodes 1 and
10 decreased only slightly below the initial bed temperature.

The temperature decrease during blowdown cannot be explained by the Joule-Thomson effect alone.
The Joule—Thomson calculation predicted a temperature change of only approximately 0.54 K, whereas
an ideal adiabatic expansion calculation predicted a much lower final temperature of approximately
—154.4°C. The minimum temperature obtained from the non-isothermal Aspen simulation was about
—55°C, which lies between these two limiting predictions.

For the 25 to 1 bar blowdown, the Peng—Robinson-based Joule—-Thomson estimate gave

HiT ~ 0.0227 Kbar_l,

corresponding to a final temperature of approximately

T27JT =297.46 K ~ 24.3°C.

At the opposite limiting case, an ideal reversible adiabatic (isentropic) expansion predicted

TQ,ad =118.79 K ~ —154.4°C.

The minimum temperature obtained from the non-isothermal Aspen simulation was approximately

Taspen ~ 218.15 K ~ —55°C.

Thus,

TQ,ad < TAspcn < TQ,JTv (41)

showing that the simulated blowdown cannot be represented as either purely isenthalpic throttling or
ideal isentropic expansion. The complete Joule—Thomson and ideal-expansion calculations are pro-
vided in Appendix A.9.

The heating stage started after completion of the blowdown step. Since the hot regeneration gas
entered from the product end, Node 20 responded first. Its temperature increased rapidly to approx-
imately 100°C, followed by successive increases to 150°C and 175°C in accordance with the staged
regeneration temperature.

The middle section of the bed, represented by Node 10, displayed a delayed temperature increase rela-
tive to Node 20. Node 1, located near the wet-hydrogen feed inlet responded last and required a longer
period to approach the final regeneration temperature. This behaviour demonstrates the movement of
the thermal front from the hot-purge inlet towards the opposite end of the bed.

The axial temperature delay is important for regeneration because water desorption depends strongly
on the local adsorbent temperature. The solid loading results showed that the reduction in water loading
occurred first in the region closer to the hot-purge inlet and subsequently progressed towards the feed
end. The movement of the desorption front therefore corresponded closely to the propagation of the
thermal front through the bed.

By the end of the final heating stage, the temperatures at Nodes 10 and 20 were close to 170-175°C,
while Node 1 approached a similar temperature after a longer delay. The result indicates that the
selected heating duration was sufficient for the thermal front to reach the feed end of the bed.

During the cooling step, dry hydrogen at approximately 25°C was introduced from the product end.
Node 20 cooled first, followed by Nodes 10 and 1. The temperature decreased rapidly throughout the
bed and approached approximately 25°C before repressurisation.
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A small temperature increase was observed during the final repressurisation step. This increase can
be attributed to compression of the gas entering the bed. Nevertheless, the final bed temperature
remained close to the required adsorption temperature, indicating that the cooling period was sufficient
to prepare the bed for the subsequent adsorption cycle.

Overall, the temperature profiles demonstrate the counter-current propagation of the heating and cool-
ing fronts through the adsorption bed. The close agreement between the gas and solid temperatures
also indicates effective gas—solid heat transfer. The staged heating procedure successfully increased
the entire bed temperature towards 175°C, reducing the equilibrium water capacity of Zeolite 4A and
promoting regeneration.

The very low temperature predicted during blowdown is important for the practical interpretation of the
TSA cycle. The Aspen minimum of approximately —55 °C lies between the small Joule—Thomson tem-
perature change and the much lower ideal isentropic limit. It should therefore be interpreted as the
result of the coupled transient pressure change, gas expansion and heat exchange with the adsorbent
and vessel wall rather than as a pure Joule—Thomson or ideal isentropic effect. If such low local tem-
peratures occur in practice, they may affect condensation or freezing behaviour and the performance
of valves and seals. The magnitude of this transient is therefore an important point for experimental
validation.

4.5. Pressure Behaviour During Blowdown and Repressurisation
The pressure profiles at selected axial positions during one complete TSA cycle are presented in Fig-
ure 4.5. The upper panel shows the complete pressure variation, whereas the lower panel enlarges
the low-pressure region to show the pressure behaviour during regeneration more clearly.
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Figure 4.5: Bed-pressure profiles at selected axial positions during one complete TSA cycle. The lower panel shows an
enlarged view of the low-pressure regeneration period.

During the adsorption step, from 0 to 14 000 s, the bed pressure remained approximately constant at
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P45 = 25 bar.

The pressure profiles at Nodes 0, 10 and 20 almost completely overlapped. Therefore, the axial pres-
sure drop across the 0.75 m bed was small relative to the total operating pressure. This indicates
that the selected feed flow rate, bed dimensions and particle properties did not produce a significant
pressure gradient during adsorption.

At the end of adsorption, the feed and product connections were closed and the bed was depressurised
through the waste outlet. During the blowdown step, the pressure decreased from approximately 25 bar
to 1 bar. The pressure initially decreased rapidly and subsequently approached the final blowdown
pressure more gradually. A pressure of approximately 1 bar was reached at about

t ~ 17500 s,

corresponding to a blowdown duration of approximately 3 500 s.

The strong pressure reduction during blowdown coincided with the temperature decrease discussed in
Section 4.4. In particular, the rapid expansion of hydrogen produced substantial local cooling near the
blowdown outlet. The pressure and temperature results therefore demonstrate that depressurisation
must be treated non-isothermally when evaluating the thermal behaviour of the TSA bed.

Following blowdown, the bed pressure remained close to atmospheric pressure during the staged heat-
ing and cooling steps. The enlarged low-pressure region shows that the pressure was maintained at
approximately

Pregen = 1 bar.

Only small deviations above 1 bar were observed during the regeneration period. These variations
were associated with changes in the regeneration-gas flow rate and valve configuration between the
individual heating and cooling stages. The deviations were small and did not result in a meaningful
pressurisation of the bed.

Maintaining the bed close to 1 bar during heating assisted regeneration in two ways. First, the elevated
temperature reduced the equilibrium water loading of Zeolite 4A. Second, the low water partial pressure
in the dry purge gas provided a driving force for desorption. The combination of heating and low-
pressure purging therefore produced the substantial reduction in solid water loading observed during
regeneration.

At approximately 35, 500 s, the waste connection was closed and the bed was repressurised using dry
hydrogen. The pressure increased from approximately 1 bar to the adsorption pressure of 25 bar by
the end of the cycle:

Pinal =~ 25 bar.

The pressure increased rapidly at the beginning of repressurisation and then approached the final
pressure more gradually.

The profiles at all three axial nodes remained closely aligned during blowdown, regeneration and re-
pressurisation. This indicates that the bed pressure responded nearly uniformly and that no substantial
axial pressure imbalance developed during valve switching. The selected blowdown and repressurisa-
tion durations were therefore sufficient to reach the required low- and high-pressure conditions before
the subsequent cycle steps began.
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Figure 4.6: Outlet water concentration during the multi-cycle TSA simulation. The concentration peaks correspond to the
adsorption period of each cycle.

4.6. Outlet Water Concentration During Multi-Cycle Operation

The outlet water concentration during the complete multi-cycle TSA simulation is presented in Fig-
ure 4.6. The results were used to determine whether the dried hydrogen continued to satisfy the re-
quired product-water specification over successive adsorption and regeneration cycles.

During each adsorption step, the outlet water concentration increased gradually with time. At the end
of the adsorption step, the concentration returned to approximately zero because the product outlet
was closed during the subsequent blowdown, heating, cooling and repressurisation steps.

The maximum outlet water concentration increased progressively over the successive cycles. The first
cycles produced an outlet concentration close to zero, while the maximum concentration during the
final simulated cycle was approximately

~ -7
CHQO,out7max ~ 4.0 x 10

ppm in Figure 4.6.

The increase in the cycle-wise concentration maxima is mainly related to the transition from the ini-
tially dry bed towards its normal cyclic operating condition. A small residual water loading remained
after each regeneration step. During the following cycles, the water-loading profile was therefore redis-
tributed through the bed and the mass-transfer zone moved slightly further towards the product end.

This increase does not indicate continuous accumulation of water in the adsorbent. As shown by the
solid-loading results in Section 4.7, the maximum and residual loadings became nearly repeatable
during the later cycles. The amount of water adsorbed and removed during each cycle therefore ap-
proached a balance as the bed moved towards cyclic steady state.

Nevertheless, the outlet water concentration remained considerably below the required product speci-
fication of

C(HQO,speC =5 ppm
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during all simulated cycles. Therefore, no water breakthrough occurred during the selected adsorp-
tion duration of 14000 s, and the TSA system continued to produce hydrogen satisfying the specified
moisture requirement.

Overall, the multi-cycle results demonstrate that the selected adsorption time provided a sufficient safety
margin against breakthrough. The TSA bed maintained the required hydrogen dryness throughout the
simulated operation, despite the gradual increase in outlet water concentration over successive cycles.

4.7. Cyclic Steady-State Behaviour

Cyclic steady state (CSS) is reached when the state of the adsorption bed at a given position and at the
same time within the cycle becomes independent of the cycle number. In the present simulation, CSS
was reached after 23 cycles using a cyclic convergence tolerance of 1 x 10~3 in Aspen Adsorption. This
indicates that the changes between consecutive cycles were within the specified numerical tolerance.
The CSS condition can be expressed generally as

XM () = XM (te),

where X; represents a state variable, such as solid loading, temperature or pressure, at axial position i,
n is the cycle number and ¢, is the elapsed time within an individual cycle. Therefore long-term stability
of the TSA process was investigated through a simulation of 23 consecutive cycles. Each cycle had a
duration of 37500 s, resulting in a total simulated operating time of

ttotal = 23 X 37500 = 862 500 s.

Solid-loading behaviour over successive cycles
The water loading at selected axial positions over the complete 23-cycle simulation is presented in
Figure 4.7.
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Figure 4.7: Water loading on Zeolite 4A at selected axial positions over 23 consecutive TSA cycles.

The first cycle differed from the subsequent cycles because the simulation was initialised with a nearly
water-free adsorption bed. During this start-up cycle, the water adsorption front progressed from the
feed end towards the product end of the bed. The loading increased first at Node 1, followed by Nodes 5,
10 and 15.
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After the initial cycle, the maximum and minimum solid-loading values became highly repeatable. At
Nodes 1, 5, 10 and 15, the maximum loading during adsorption was approximately

@max ~ 0.0138 kmol kg .

During regeneration, the loading at these positions decreased to approximately

Gmin ~ (1.8) x 1073 kmol kg !.

The corresponding local working capacity was therefore approximately

Aq = Gmax — Gmin ~ 0.0138 — 0.0018 = 0.012 kmol kg .

The similarity between the loading profiles of successive cycles indicates that the quantity of water
adsorbed and desorbed in the main active region of the bed became nearly constant. No progressive
increase in the minimum loading was visible at Nodes 1, 5, 10 and 15, suggesting that significant bulk
water accumulation did not occur within these regions.

Node 20, located near the dry-product end of the bed, remained essentially unloaded on the scale
shown in Figure 4.7. This indicates that the adsorption front did not reach the final section of the
bed during the selected adsorption time. The remaining dry adsorbent therefore acted as a protective
section against water breakthrough.

The loading profile at Node 15 changed noticeably between the first and second cycles. During the
first cycle, the initially dry bed prevented a large water loading from developing at this position. In
the subsequent cycles, residual water redistribution and the repeated progression of the mass-transfer
zone caused Node 15 to participate more fully in the cyclic adsorption and regeneration process. After
this initial adjustment, its maximum and minimum loading values became repeatable.

Temperature behaviour over successive cycles
The gas-temperature profiles over the 23 cycles are shown in Figure 4.8. The corresponding solid
temperatures were nearly identical and are therefore not presented separately.
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Figure 4.8: Gas-temperature profiles at selected axial positions over 23 consecutive TSA cycles.
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The temperature profiles displayed a consistent pattern during every cycle. During adsorption, the bed
temperature remained close to

Tads ~ 25°C.

A strong local temperature decrease occurred at Node 20 during blowdown, with a minimum tempera-
ture of approximately

Tmin =~ *5500.

This temperature reduction occurred repeatedly during each cycle and was associated with the rapid
pressure decrease and expansion of hydrogen near the blowdown outlet.

During regeneration, the temperature increased progressively as the hot purge gas passed counter-
currently through the bed. Node 20 heated first, followed by Nodes 10 and 1. The maximum tempera-
ture reached approximately

Tregen,max ~ 170_17500

during every cycle.

Following regeneration, the cooling step returned the bed to approximately 25°C before the next ad-
sorption step. The maximum, minimum and final temperatures remained nearly unchanged from one
cycle to the next. Consequently, no progressive heat accumulation or incomplete cooling was observed
over the 23-cycle simulation.

The repeatability of the temperature profiles indicates that the bed attained a periodic thermal state.
The selected heating and cooling durations were therefore sufficient to reproduce approximately the
same thermal conditions during each successive cycle.

Pressure behaviour over successive cycles
The bed-pressure profiles over the complete 23 cycles are presented in Figure 4.9.
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Figure 4.9: Bed-pressure profiles at selected axial positions over 23 consecutive TSA cycles.

The pressure followed an almost identical profile during each cycle. During adsorption, the bed was
maintained at approximately
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P45 = 25 bar.

The pressure was subsequently reduced to approximately

Prcgcn ~ 1 bar

during blowdown and remained close to this value throughout the heating and cooling stages. At the
end of each cycle, the bed was repressurised to the adsorption pressure.

The pressure curves at Nodes 1, 10 and 20 almost completely overlapped during all 23 cycles. This
indicates that the axial pressure gradients were small and that no progressive pressure imbalance
developed within the bed. The selected valve coefficients and step durations therefore consistently
established the required adsorption and regeneration pressures.

4.7.1. Assessment of cyclic steady state

The repeated pressure and temperature profiles demonstrate that the pressure and thermal conditions
reached periodic operation. Similarly, the solid loading in the main active region of the adsorption bed
displayed nearly constant maximum and minimum values after the initial start-up cycle. These results
indicate that the TSA system approached cyclic steady-state operation within the simulated period.

However, the outlet-water concentration showed a small progressive increase over the 23 cycles, al-
though it remained substantially below the 5 ppmv product specification. This trace-level increase was
not visible in the solid-loading profiles because the corresponding change in loading near the product
end was extremely small compared with the scale of Figure 4.7.

Overall, the 23-cycle simulation demonstrated stable and repeatable TSA operation. The adsorbent
working capacity, regeneration temperature and bed pressure were maintained over successive cycles,
while the final dry section of the bed prevented water breakthrough and maintained the required product
quality.

The repeatability of the pressure, temperature and solid-loading profiles is important when interpreting
the small increase in outlet-water concentration seen during the start-up cycles. The first cycle starts
from an almost dry bed, while later cycles start with the residual loading left after regeneration. The bed
therefore develops its normal cyclic loading profile over the first several cycles. Once the maximum
and minimum solid loadings became nearly repeatable, there was no evidence of continuing bulk water
accumulation in the main active region of the bed. The multi-cycle behaviour is therefore interpreted
as approach to cyclic steady state rather than an unbounded increase in water inventory.

4.8. Overall TSA Process Performance

The overall separation performance of the TSA process was evaluated in terms of product hydrogen
purity, hydrogen recovery and hydrogen productivity. The calculations were performed using the results
obtained from the 23-cycle Aspen Adsorption simulation.

Product Hydrogen Purity
The product-stream composition reported by Aspen Adsorption was

CH,, product = 999999.9999998651 ppm,

and

CH,0.product = 1.3504 x 1077 ppm.

The hydrogen purity was calculated from

CHQ ,product % 100.

Hydrogen purity = 106
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Substitution of the Aspen result gives

. 999 999.9999998651
Hydrogen purity = 106 x 100 = 99.9999999999865%.

Therefore, the product hydrogen purity can be reported as

Hydrogen purity > 99.9999999%

for the simulated hydrogen—water system.

The corresponding product-water concentration was considerably below the specified limit of 5 ppm:

1.3504 x 10~ ppmv < 5 ppmyv.

The simulation therefore demonstrated that the selected TSA cycle produced hydrogen satisfying the
required moisture specification throughout the investigated operation. The extremely small water con-
centration reported by Aspen is close to the numerical precision of the simulation and should therefore
be interpreted as an effectively water-free product rather than as an experimentally measurable level
of precision.

Hydrogen Recovery

Hydrogen recovery was defined as the fraction of hydrogen supplied during the adsorption step that
remained available as net dry-hydrogen product after accounting for the hydrogen consumed internally
during heating, cooling and repressurisation:

NH,,feed — TH,,int 1
Ry, = —2=¢ 2 MeA % 100. (4.2)
N H, feed

For the selected TSA cycle, the hydrogen supplied during adsorption was

NH, feed = 311.93 kmol cycle !,

while the total hydrogen consumed internally during regeneration, cooling and repressurisation was

NH, internal = 17.72 kmol cycle_l.

The net hydrogen available as product was therefore

NHy et = 294.21 kmol cycle ™,

resulting in a hydrogen recovery of

[ =1577) @)

The recovery calculation assumes that the hydrogen required for heating, cooling and repressurisation
was withdrawn from the purified product stream and was therefore deducted from the gross hydrogen
production. Detailed calculations of the hydrogen consumption during the individual cycle steps are
provided in Appendix A.
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Hydrogen Productivity

Hydrogen productivity was evaluated using the net hydrogen production after accounting for the hy-
drogen consumed internally during regeneration, cooling and repressurisation. For the selected TSA
cycle, the net hydrogen production was

MH, net = 088.42 kg cycle™.

In the staggered three-bed configuration, an adsorption-production interval was completed every 14 000 s.
The corresponding average net hydrogen-production rate of the complete plant was therefore

mHg,plant =151.3 kg hil,

The adsorbent productivity of the continuous three-bed system was defined as

mHQ ,plant
HH27plant = (44)
Mads,total

where the total Zeolite 4A inventory of the three beds was 84 kg. The resulting continuous-plant pro-
ductivity was

I, plant = 1.80 kg, kg i h ™" | (4.5)

This value was used as the principal productivity indicator because it accounts for the combined adsor-
bent inventory and staggered operation of all three TSA beds. Detailed calculations of the gross and
net hydrogen production are provided in Appendix A.

4.8.1. Heating Duty of the Regeneration Hydrogen

During regeneration, a fraction of the purified hydrogen product was heated and introduced counter-
currently through the adsorption bed. The heating sequence consisted of two stages at 100°C, followed
by stages at 150°C and 175°C.

The temperature-dependent enthalpy of hydrogen was calculated using the Shomate equation from
the NIST Chemistry WebBook [77]:

Bt? Ct® Dt* E T
H°(T)— Hygg 15 = At+ —+ —+——-——+F—H, t

= —. 4.
2 3 4 t 1000 (4.6)

Using 25°C as the reference temperature, the calculated molar enthalpy increases of hydrogen were

Ahas_100 = 2176.06 kJ kmol !,

Ahgs_150 = 3634.89 kJ kmol ™!,

and

Ahgs 175 = 4365.41 kJ kmol 1.
The thermal duty during each heating stage was obtained from
Q; = nm, ;Ahj, (4.7)

and the corresponding thermal energy was calculated from
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E; = QjAt;. (4.8)

Summation over the four heating stages resulted in a total sensible energy requirement for the regen-
eration hydrogen of

Ethermal,cycle = 47.13 MJ cycle ™" | (4.9)

For a heater efficiency of nyeater = 0.90, the corresponding electrical energy supplied to the heater was

Ethermal C

_ ,cycle -1

Eclcctrical,cyclc = = 14.55 kWh Cycle .
Theater

The maximum instantaneous thermal duty occurred during the 175°C heating stage and was

chermal,max = 4.365 kW.

Accounting for the heater efficiency, the corresponding maximum electrical input was

Wheater,rﬂax = M = 4.85 kW. (410)
Theater

Applying a design factor of 1.20 resulted in a required design capacity of approximately 5.82 kW. A
nominal heater capacity of

Wheater,selected ~ 6 kW (411)

was therefore selected.

The value of 47.13 MJ cycle~! represents the sensible energy supplied to the regeneration hydrogen
and should not be interpreted as the thermal demand of the adsorption bed itself. The energy required
to heat the Zeolite 4A and vessel wall and to overcome the heat of water desorption is evaluated
separately in Section 4.8.2. Detailed calculations for the individual regeneration-heating stages are
provided in Appendix A.

4.8.2. Thermal Energy Required for Bed Regeneration

In addition to heating the regeneration hydrogen, thermal energy is required within the adsorber to
heat the Zeolite 4A, desorb the adsorbed water, and heat the steel vessel wall. The theoretical bed-
regeneration energy was therefore estimated from

Qregen,bed = Qzeolite + Qdesorption + Qwall- (412)

The working adsorption capacity was determined from the difference between the water loading at the
end of adsorption and the residual loading after regeneration:

Aq = Gend,ads — {end,regen- (413)

Using gend,ads = 0.0138 kmol kg—! and Qend,regen = 0.0018 kmol kg—!, the working capacity was approx-
imately

Agq = 0.0120 kmol kg™
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For one TSA bed containing approximately 28 kg of Zeolite 4A, the individual thermal contributions
were calculated as

Queolite = 3.65 MJ cycle ™!,
Qdesorption = 19.81 MJ cyclefl,
and

Qwan = 1.72 MJ cycle ™.

The resulting theoretical regeneration-energy requirement was therefore

Qregen bed = 25.18 MJ cycle ! bed ™! = 25.2 MJ cycle™ ! bed ™! |. (4.14)

The previously calculated 47.13 MJ cycle~! represents the sensible enthalpy supplied to the regener-
ation hydrogen, whereas 25.18 MJ cycle~! bed~! represents an independent estimate of the thermal
demand within the adsorber. These quantities are not additive, since heat transferred from the regen-
eration gas supplies the sensible heating and water-desorption requirements of the bed.

Detailed calculations of the adsorbent heating, water desorption and vessel-wall heating contributions
are provided in Appendix A.

4.8.3. Cooling Duty
Following regeneration, the adsorption bed was cooled using dry hydrogen before repressurisation

and the subsequent adsorption step. The cooling requirement was estimated from the sensible heat
removed from the Zeolite 4A and the steel vessel wall:

Qcool,total = Qcool,ads + Qcool,wall- (415)

The bed temperature decreased from approximately 169°C at the end of heating to approximately 25°C
at the end of cooling. The corresponding sensible heat contributions were

Qcool,ads =3.63 MJ Cycle_l,

and

Qeool,wal = 1.71 MJ cycle ™.

The total cooling-energy requirement for one bed was therefore

Qeool total = 5.34 MJ cycle ' bed ™! | (4.16)

For a cooling-step duration of 3000 s, the average cooling duty was calculated from

s Qcool.total
cool — - s 417
Q : Atcool ( )

giving

Qcool = 1.78 kW.
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Applying a design factor of 1.20 increased the required cooling capacity to approximately 2.14 kW. A
nominal cooling-gas cooler capacity of

Qcool,selected =25kW (418)

was therefore selected for equipment sizing.

The calculation considers the sensible heat removed from the adsorbent and the cylindrical vessel wall.
Additional thermal contributions associated with the vessel heads, piping, insulation and heat transfer
to the surroundings were not explicitly included. Detailed cooling-duty calculations are provided in
Appendix A.

4.8.4. Hydrogen Compression Duty

The wet-hydrogen feed from the electrolyser was compressed from 10 bar to the TSA adsorption pres-
sure of 25 bar. The compressor calculation was based on an inlet temperature of 298 K, a hydrogen
flow rate of 0.0223 kmols~*, and an isentropic efficiency of n, = 0.75.

The isentropic outlet temperature was estimated from

(k—1)/k
L _ (5 : (4.19)
T Py

where k = 1.4 was used for hydrogen. The calculated isentropic outlet temperature was

Ty, = 387.2 K.

The required compressor shaft power was determined from

Winat = "tecdCnita (Tos —T1) (4.20)

Ns

giving

Wehatt = 76.9 kW |.

Assuming a motor efficiency of n,.t0r = 0.95, the corresponding electrical input was

Wshaft

nmotor

Wetectric = = 80.9 kW. (4.21)

Applying a design factor of 1.10 resulted in a required motor capacity of approximately 89 kW. A
nominal compressor-motor rating of

VVmotor,selected ~ 90 kW (422)

was therefore selected.

The actual compressor discharge temperature was approximately

T2,actual ~ 417 K ~ 144°C |. (423)

The compressor shaft power of 76.9 kW represents the mechanical power requirement, while the
80.9 kW electrical input accounts for the motor efficiency. The latter was used to determine the com-
pressor electricity consumption. Detailed compressor calculations are provided in Appendix A.
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4.8.5. Compressor Aftercooler Duty

Compression increased the hydrogen temperature from approximately 25°C to 144°C. An aftercooler
was therefore required to reduce the compressed-gas temperature back to the TSA adsorption temper-
ature of approximately 25°C.

The aftercooler duty was estimated from

QAC = thCdCP,HQ (TQ,actual - TAC,out) . (424)

For the selected operating conditions, the required thermal duty was

Qac = T6.9 kW |. (4.25)

The similarity between the calculated aftercooler duty and compressor shaft power results from cool-
ing the hydrogen approximately back to its initial inlet temperature following the assumed adiabatic
compression.

Applying a design factor of 1.10 resulted in a design duty of approximately

QAC,design = 84.6 kW.

A nominal aftercooler capacity of

QAC selected ~ 85 kW (4.26)

was therefore selected. Detailed calculations are provided in Appendix A.

4.8.6. Continuous Three-Bed Operating Arrangement

To provide a continuous supply of dried hydrogen, three adsorption beds were operated in a staggered
sequence. The simulated TSA cycle consisted of adsorption, blowdown, staged heating, cooling and
repressurisation, with a total cycle duration of

teyele = 37500 .

The adsorption step occupied

tags = 14000 s.

The minimum number of beds required for continuous operation was estimated from
tcycle
Nbeds,min =\ |> (427)
tads

which gives

Nbeds,min =3|

The adsorption periods of the three beds were therefore offset by 14 000 s. Bed A adsorbed from 0 to
14000 s, Bed B from 14 000 to 28 000 s, and Bed C from 28 000 to 42 000 s, after which the sequence was
repeated.

Each bed consequently returned to adsorption after
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tbed,repeat = 3tadas = 42000 s.

Since the simulated TSA sequence required 37500 s, the remaining time available before the next
adsorption period was

tstandby = tbed,repeat - tcycle = 4500 s. (428)

Each bed therefore completed blowdown, heating, cooling and repressurisation before enteringa 4 500 s
pressurised standby period. During standby, the bed was assumed to remain isolated at approximately
25 bar and close to the adsorption temperature. Since dry hydrogen was used during cooling and
repressurisation, significant water readsorption during this period was not expected.

The 4500 s standby period was not explicitly included in the original 37500 s Aspen Adsorption multi-
cycle simulation. Negligible changes in bed temperature and adsorbent loading during this additional
period were therefore assumed when extending the simulated cycle to the continuous three-bed ar-
rangement.

The staggered configuration ensures that at least one bed remains in adsorption at all times. Con-
sequently, the feed compressor and compressor aftercooler can operate continuously at the selected
feed rate of

Nfeed = 0.0223 kmols 1.

A common regeneration heater and cooling-gas cooler were assumed to be shared between the three
beds using automated switching valves. The complete heating sequence of an individual bed lasts
15000 s, which is 1000 s longer than the 14 000 s staggered adsorption interval. This nominal overlap
occurs during the initial 100°C heating stage of the following bed, for which the thermal duty is negligible
compared with the subsequent heating stages.

The shared-heater arrangement therefore assumes that this initial low-flow heating stage can be resched-
uled within the available 4500 s standby margin. This avoids simultaneous significant heating demand
from two beds while maintaining the 14 000 s continuous production interval.

The staggered arrangement converts the single-bed cycle into a continuous production concept. It
also allows the feed compressor and aftercooler to operate continuously. The 4500 s standby period
and the sharing of the regeneration heater and cooling-gas cooler are process-integration assumptions
derived from the single-bed cycle. They should therefore be checked in a future fully integrated three-
bed dynamic simulation, especially to confirm that the bed state does not change significantly during
standby and that the switching schedule avoids simultaneous high thermal demand.

Detailed timing calculations for the staggered three-bed cycle are provided in Appendix A.

Process-performance interpretation The final TSA configuration achieved a hydrogen recovery of
94.32% while maintaining the required product-water specification. The main hydrogen loss was the dry
product gas reused for regeneration, cooling and repressurisation. The compressor was the largest
continuous electrical load, whereas the regeneration heater had a relatively small peak electrical re-
quirement. For operating-cost calculations, the regeneration-gas energy of 47.13 MJ bed ! cycle™! is
more relevant than the peak heater power alone. The separate 25.18 MJ bed ! cycle~! calculation rep-
resents the theoretical thermal demand of the adsorbent, desorbed water and vessel wall; it is supplied
by the hot regeneration gas and is therefore not added to the regeneration-gas enthalpy requirement.

4.9. Techno-Economic Analysis

The techno-economic performance of the proposed three-bed TSA hydrogen-drying process was eval-
uated using OpenPyTEA. The analysis represents the incremental cost of the hydrogen-drying section
and therefore excludes the upstream cost of hydrogen production by electrolysis. The final economic
boundary includes the hydrogen compressor, compressor aftercooler, three TSA pressure vessels,
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regeneration-gas heater, TSA cooling-gas cooler and waste receiver. A separate dry-hydrogen stor-
age vessel was not included because regeneration, cooling and repressurisation gas were assumed
to be supplied from the common dry-product header of the integrated hydrogen facility.

4.9.1. Capital-Cost Results

The purchased-equipment costs estimated with the selected OpenPyTEA correlations are summarised
in Table 4.1. The hydrogen compressor was the largest purchased-cost item, followed by the compres-
sor aftercooler and the three TSA pressure vessels.

Table 4.1: Purchased-equipment costs estimated using OpenPyTEA for the final TSA process boundary.

Equipment Purchased cost (EUR)
Hydrogen compressor 457,386
Compressor aftercooler 184,147
Three TSA pressure vessels 88,656
Regeneration-gas heater 36,737
TSA cooling-gas cooler 23,571
Waste receiver 23,426
Total purchased equipment 813,923

The compressor accounts for approximately 56% of the purchased-equipment subtotal. The three TSA
vessels contribute a much smaller share because their physical size is small. For costing, however, the
vessel mass was below the lower validity limit of the corresponding OpenPyTEA correlation and the
minimum allowable correlation value was therefore used as a costing floor. Similarly, the reciprocating-
compressor correlation was evaluated at its 93 kW lower costing limit, while the actual process shaft-
power requirement remained 76.9 kW. The regeneration-gas heater was represented economically by
the OpenPyTEA duty-based heat-exchanger correlation, using a design thermal duty of 5.238 kW.

The purchased costs were converted to installed and fixed-capital costs using the standard OpenPyTEA
installation methodology. No external reduction of the OpenPyTEA installation factors was applied.
The resulting direct-installed cost was 2.652 million EUR, corresponding to an overall direct-installed-
to-purchased-cost ratio of approximately 3.26 for the combined equipment set. The final capital-cost
breakdown is given in Table 4.2.

Table 4.2: Capital-cost results for the final three-bed TSA hydrogen-drying process.

Capital component Cost (EUR)
Purchased equipment 813,923
Direct installed cost 2,652,428
ISBL 3,156,389
OSBL 631,278
Design and engineering 1,136,300
Contingency 378,767

Fixed capital investment 5,302,733

The resulting fixed capital investment was therefore

CFCI = 5.303 million EUR |. (429)

The difference between the purchased-equipment subtotal and the final fixed capital investment is sub-
stantial because OpenPyTEA includes installation, location, outside-battery-limits, design-and-engineering
and contingency allowances. In the final base case, OSBL was taken as 20% of ISBL, whereas design
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and engineering and contingency were retained at 30% and 10%, respectively. The result should there-
fore be interpreted as a factored screening-level capital estimate rather than a vendor-quoted project
cost.

4.9.2. Operating-Cost Results

The principal variable operating cost considered in the final OpenPyTEA model was electricity consump-
tion by the hydrogen compressor and regeneration-gas heater. The compressor electrical requirement
was 80.9 kW. The heater electricity consumption was calculated from the sensible energy supplied to
the regeneration hydrogen,

Qregen 1, = 47.13 MJbed ! cycle™?,

together with a heater efficiency of 90%, three TSA beds and a complete single-bed cycle time of 37500 s.
This corresponds to a total compressor-plus-heater electricity demand of approximately

Eelectricity ~ 2042 kWh day *.

At the base-case electricity price of 0.246 EUR kWh~!, the annual variable operating expenditure was

CoPEX var = 183,364 EURyearfl . (4.30)

For the integrated drying-unit boundary, one full-time-equivalent operator was allocated to the TSA
section. OpenPyTEA fixed-cost categories directly associated with operation of the drying unit were
retained, including labour, supervision, salary overhead, maintenance, taxes and insurance, environ-
mental charges, operating supplies and working-capital interest. Laboratory charges, additional land
rent, general plant overhead, patents and royalties, distribution and selling, and research and devel-
opment were treated as non-incremental costs of the wider hydrogen-production facility and were not
charged again to the TSA unit.

The resulting fixed operating expenditure was

COPEX fixed = 472,429 EUR year™* |. (4.31)

The fixed-OPEX breakdown is shown in Table 4.3. Maintenance is the largest fixed-cost component,
followed by working-capital interest and direct labour.

Table 4.3: Fixed operating-cost breakdown for the integrated TSA drying section.

Fixed-OPEX component Cost (EUR/year) Share of fixed OPEX (%)

Labour 69,009 14.6
Supervision 17,252 3.7
Salary overhead 43,131 9.1
Maintenance 157,819 334
Taxes and insurance 47,346 10.0
Environmental charges 37,877 8.0
Operating supplies 28,407 6.0
Working-capital interest 71,587 15.2
Total fixed OPEX 472,429 100.0

The total annual operating expenditure was consequently

CoprEX total = COPEX,var + COPEX fixed; (4.32)
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giving

COPEX7tOt~(11 = 655,793 EUR yearfl . (4.33)

The overall OPEX split is summarised in Table 4.4.

Table 4.4: Annual operating-cost results obtained using OpenPyTEA.

OPEX component Cost (EUR/year) Share of total OPEX (%)

Variable OPEX 183,364 28.0
Fixed OPEX 472,429 72.0
Total OPEX 655,793 100.0

Fixed costs remain larger than the direct electricity cost, but they no longer dominate the economics
to the extent expected for a stand-alone facility with its own full operating organisation. This is consis-
tent with the selected incremental system boundary, in which the TSA unit is integrated with a larger
hydrogen-production facility.

4.9.3. Levelized Cost of Hydrogen Drying
The continuous three-bed process produced dry hydrogen at an average rate of

M, plant = 151.3 kgh™t

At the deterministic base-case plant utilisation of 100%, the corresponding annual dry-hydrogen pro-
duction was

MH, annual = 151.3(24)(365) (4.34)
= 1.325388 x 10° kg year 1. (4.35)

Using a project lifetime of 20 years, a discount rate of 9%, and the capital and operating costs described
above, OpenPyTEA gave a deterministic levelized cost of hydrogen drying of

LCOPyase = 1.179 EUR kgy ! | (4.36)

The unrounded result was

LCOPyase = 1.179195 EUR kg,

This quantity represents the incremental levelized cost of the TSA drying section only. It is therefore not
the total hydrogen-production cost and does not include the upstream electrolyser or other hydrogen-
production equipment.

The calculated value is close to the order of 1 EUR kgﬁ;, but remains slightly above it in the determinis-
tic base case. No reduction was applied to the standard OpenPyTEA installation factors solely to force
the result below 1 EUngﬁj. Consequently, the deterministic value retains the internally consistent
OpenPyTEA factored-cost basis used throughout the economic analysis. The uncertainty analysis pre-
sented below shows that lower drying costs are nevertheless possible within the considered technical
and economic uncertainty ranges.
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4.9.4. Sensitivity Analysis

The relative influence of the uncertain technical and economic parameters was quantified using Spear-
man rank correlation coefficients. The resulting ranking is summarised in Table 4.5 and illustrated in
Figure 4.10.

Table 4.5: Spearman rank correlation coefficients between uncertain inputs and levelized TSA drying cost.

Parameter Spearman p;
CAPEX multiplier 0.693
Interest rate 0.479
Project lifetime -0.339
Dry-H, production rate -0.240
Operator hourly rate 0.105
OSBL factor 0.103
Electricity price 0.094
Compressor electrical power 0.048
Regeneration energy 0.015
TSA cycle time 0.006

Sensitivity of TSA drying cost to uncertain parameters

CAPEX multiplier -
Interest rate

Project lifetime

Dry-H2 production rate -
Operator hourly rate

OSBL factor A

Input parameter

Electricity price
Compressar electrical power -
Regeneration energy

TSA cycle time -

-0.2 0.0 0.2 0.4 0.6
Spearman rank correlation with LCOP

Figure 4.10: Spearman rank correlation coefficients between uncertain technical and economic input parameters and the
levelized cost of TSA hydrogen drying. Positive coefficients indicate an increase in LCOP with increasing parameter value,
whereas negative coefficients indicate an inverse relationship.

The CAPEX multiplier showed the strongest positive influence on LCOP (p, = 0.693), followed by the

interest rate (p, = 0.479). Project lifetime showed the strongest negative influence (ps = —0.339),
because a longer economic life distributes the capital burden over a greater cumulative quantity of
dry hydrogen. The dry-hydrogen production rate also showed a negative correlation (ps = —0.240),

reflecting the reduction in levelized cost when more product is obtained from essentially the same
installed plant.

The operator hourly rate, OSBL factor and electricity price had comparatively small effects over their
selected uncertainty ranges, while compressor electrical power had only a weak positive correlation.
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Regeneration energy and TSA cycle time showed negligible rank correlations (p; = 0.015 and 0.006,
respectively); their corresponding p-values were greater than 0.05. Hence, within the ranges investi-
gated, the uncertainty in LCOP was governed primarily by capital and financing assumptions rather
than by modest variations in regeneration energy or cycle duration.

4.9.5. Monte Carlo Uncertainty Analysis

A combined technical-economic Monte Carlo analysis was performed using 10,000 realisations. The
sampled economic variables were the CAPEX multiplier, OSBL factor, interest rate, project lifetime,
electricity price and operator hourly rate. The sampled technical variables were compressor electrical
power, regeneration energy, TSA cycle time and dry-hydrogen production rate. Each sampled variable
was propagated through the corresponding physical or economic calculation rather than being applied
as an arbitrary multiplier to the final LCOP.

The resulting LCOP distribution is summarised in Table 4.6.

Table 4.6: Results of the combined technical-economic Monte Carlo analysis based on 10,000 realisations.

Statistic LCOP (EUR kgﬁi)
Deterministic base case 1.179
Monte Carlo mean 1.232
Standard deviation 0.225
Median 1.211
2.5th percentile 0.852
5th percentile 0.901
95th percentile 1.636
97.5th percentile 1.723

Monte Carlo uncertainty in TSA hydrogen drying cost

: — = Deterministic base case = 1.179 EUR/kg
1.75 4 1 = Monte Carlo mean = 1.232 EUR/kg
: - Central 95% uncertainty interval = 0.85-1.72 EUR/kg
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Figure 4.11: Monte Carlo distribution of the levelized TSA hydrogen-drying cost based on 10,000 combined technical and
economic uncertainty realisations. The deterministic base case is 1.179 EUR kgﬁ;, while the Monte Carlo mean is

1.232 EUR kgﬁi. The central 95% uncertainty interval extends from 0.852 to 1.723 EUR kgﬁ;.
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The Monte Carlo mean was

LCOP =1.232 EURkgy;!, (4.37)

with a median of

1.211 EUR kg,

The central 95% uncertainty interval was

0.852 < LCOP < 1.723 EURkgy! |

The deterministic value lies close to the centre of the Monte Carlo distribution. The slightly higher Monte
Carlo mean reflects the nonlinear response of LCOP to combinations of capital cost, financing, project
lifetime and production-rate uncertainty. The lower tail of the distribution extends below 1 EUngﬁQI,
while the upper tail remains above this value. The result therefore indicates that an incremental drying
cost of approximately 1 EUR kgﬁ; is plausible, but the exact value is sensitive to the project-specific
capital and financial assumptions.

4.9.6. Economic Assessment Summary

The principal economic results of the three-bed TSA hydrogen drying process are summarised in Ta-
ble 4.7. The estimated fixed capital investment (FCI) is 5.303 million EUR, while the total annual oper-
ating expenditure is approximately 0.656 million EUR year~!. At an annual dry-hydrogen production of
1.325388 x 109 kg year !, the deterministic levelised drying cost is 1.179 EUR kgj;! .

Table 4.7: Principal techno-economic results for the three-bed TSA hydrogen drying process.

Economic indicator Value
Purchased equipment cost 0.814 million EUR
Direct installed cost 2.652 million EUR
Fixed capital investment 5.303 million EUR
Variable OPEX 0.183 million EUR year—*
Fixed OPEX 0.472 million EUR year—!
Total OPEX 0.656 million EUR year !
Annual dry-H, production 1.325388 x 106 kg year !
Deterministic levelised drying cost 1.179 EUR kgﬁ1
Monte Carlo mean 1.232 EUR kg,

Monte Carlo median 1.211 EUR kg

Central 95% uncertainty interval 0.852 — 1.723 EUR kgﬁj

The composition of the fixed capital investment is shown in Figure 4.12. The inside-battery-limits (ISBL)
investment represents the largest contribution, accounting for approximately 59.5% of the total FCI, cor-
responding to 3.16 million EUR. Design and engineering contribute a further 21.4%, while the outside-
battery-limits (OSBL) investment and contingency account for 11.9% and 7.1%, respectively. The re-
sulting distribution indicates that the economic performance of the TSA process is strongly influenced
by the installed process equipment and the associated indirect capital requirements.
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Fixed Capital Investment Breakdown
FCI = EUR 5.303 million

Contingency
(7.1%, EUR 0.38 M)

Design & Engineering

(21.4%,EUR 1.14 M)
ISBL
(59.5%, EUR 3.16 M)
OSBL
(11.9%, EUR 0.63 M)

Figure 4.12: Breakdown of the fixed capital investment for the three-bed TSA hydrogen drying process.

The annual operating-cost distribution is presented in Figure 4.13. Fixed operating expenditure con-
stitutes approximately 72.0% of the total annual OPEX, compared with 28.0% for variable operating
expenditure. This result shows that, under the assumptions adopted in the present analysis, the an-

nual economics are governed more strongly by fixed operating costs than by the direct consumption-
dependent costs of the process.

Annual Operating Cost Breakdown
Total OPEX = EUR 0.656 million/year

Variable OPEX
(28.0%, EUR 0.183 M/yr)

Fixed OPEX
(72.0%, EUR 0.472 M/yr)

Figure 4.13: Breakdown of the annual operating expenditure for the three-bed TSA hydrogen drying process.

The relative contributions to the deterministic levelised hydrogen drying cost are shown in Figure 4.14.
Capital-related costs represent the largest contribution at approximately 58.0%, equivalentto 0.684 EUR kgﬁ;.
Fixed operating expenditure contributes a further 30.2%, or 0.356 EUR kgﬁj, whereas variable oper-
ating expenditure contributes only 11.7%, corresponding to 0.138 EUngﬁi. Consequently, approxi-
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mately 88% of the calculated drying cost originates from the annualised capital requirement and fixed
operating expenditure, demonstrating that the economics of the selected TSA configuration are pre-
dominantly capital- and fixed-cost-driven rather than being dominated by direct process-energy con-
sumption.

Levelised Hydrogen Drying Cost Breakdown

LCOP =1.179 EUR/kg H,

Variable OPEX
(11.7%, 0.138 EUR/kg H,)

Capital-related cost

(58.0%, 0.684 EUR/kg H,) Fixed OPEX

(30.2%, 0.356 EUR/kg Hy)

Figure 4.14: Breakdown of the deterministic levelised hydrogen drying cost for the three-bed TSA process.

The uncertainty analysis further indicates that the deterministic result should not be interpreted as a
single definitive commercial cost. The Monte Carlo analysis gives a mean levelised drying cost of
1.232 EUngﬁj and a median value of 1.211 EUngﬁ;, with a central 95% uncertainty interval of
0.852 — 1.723 EUR kgﬁ;. Capital-cost and financing assumptions, together with project lifetime and
annual hydrogen throughput, therefore remain important determinants of the calculated economics.

Overall, the deterministic value of 1.179 EUR kgﬁz} should be interpreted as a screening-level incremen-
tal cost of hydrogen drying for the process boundary considered in this study. It is based on the selected
OpenPyTEA cost correlations, installation methodology, economic assumptions and simulated hydro-
gen throughput, and should therefore not be interpreted as a vendor-quoted cost for a fully engineered
commercial TSA installation.

4.10. Limitations of the Present Study

Several limitations should be considered when interpreting the results. First, the Aspen Adsorption
model was not validated against experimental breakthrough or cyclic TSA data obtained for the same
bed geometry, feed composition, pressure and regeneration conditions. The absolute breakthrough
time, regeneration time and temperature profiles therefore depend on the selected equilibrium, kinetic
and heat-transfer parameters.

Second, the Linear Driving Force coefficient and the gas—solid and gas—wall heat-transfer coefficients
were obtained from correlations and engineering assumptions rather than being fitted to experiments
for the exact Zeolite 4A pellets used in the model. These parameters influence the movement of the
mass-transfer and thermal fronts and are therefore important sources of model uncertainty.

Third, continuous production was constructed from three identical beds using the timing of the single-
bed cycle. The additional 4500 s standby period and the sharing of the heater and cooling-gas cooler
were not simulated in one complete three-bed dynamic flowsheet. These assumptions should be
checked when a fully integrated control and switching model is developed.

Fourth, the PSA/VPSA comparison was limited by numerical convergence. Deep vacuum improved
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desorption, but a stable multi-cycle VPSA solution was not obtained. The present results therefore
support TSA for the conditions that were successfully simulated, but they do not prove that an optimised
VPSA process is physically infeasible.

Finally, the techno-economic assessment is based on the equipment-cost correlations and installation
methodology available in OpenPyTEA rather than vendor quotations. The TSA vessel and compressor
costing required use of the lower validity limits of their selected correlations, and the small regenera-
tion heater was represented using a duty-based heat-exchanger cost proxy. The one-operator alloca-
tion, integrated-site OSBL assumption and non-incremental fixed-cost treatment also influence the final
LCOP. The reported economic values should therefore be interpreted as screening-level estimates for
comparison of cost drivers and process assumptions.



Overall Conclusions

Within the scope of the present study, temperature swing adsorption was the only regeneration strategy
that could be demonstrated at cyclic steady state while maintaining the required hydrogen-drying perfor-
mance. Pressure swing regeneration between 25 bar and 1 bar did not provide sufficient regeneration
of Zeolite 4A, while deeper vacuum improved desorption but could not be demonstrated reliably over re-
peated cycles because of numerical convergence limitations. These VPSA results should therefore be
interpreted as inconclusive rather than as evidence that vacuum regeneration is physically infeasible.

The final TSA configuration used an adsorption time of 14000 s within a 37500 s active bed cycle.
Thermal regeneration reduced the water loading from approximately

0.0138 to 0.0018 kmolkg ™!,

which provided sufficient working capacity for repeated adsorption. Cyclic steady state was achieved
after 23 simulated cycles, and the product-water concentration remained below the selected 5 ppmv
specification.

Continuous production was represented using three identical TSA beds operated in a staggered se-
quence. The resulting system produced approximately

151.3 kgg, h™ 1,

with a hydrogen recovery of

94.32%.
The analysis also showed that the thermal behaviour of the bed is important. In particular, the temper-

ature decrease to approximately —50 to —55°C during blowdown should be validated experimentally
because it may influence practical operation and equipment selection.

The screening-level OpenPyTEA analysis resulted in a fixed capital investment of approximately

5.303 million EUR,

and a total annual operating expenditure of approximately

0.656 million EUR year™".

The corresponding deterministic levelized TSA drying cost was

73
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1.179 EUR kg,

The combined technical-economic Monte Carlo analysis gave a mean LCOP of

1.232 EUR kg,

with a median value of

1.211 EURkgj;!,

and a central 95% uncertainty interval of

0.852 — 1.723 EUR kgj;! .

The sensitivity analysis showed that the levelized drying cost was influenced most strongly by the
capital-cost assumption, followed by the interest rate and project lifetime. The dry-hydrogen production
rate also had an important influence because higher production distributes the capital and operating
costs over a larger quantity of product. In comparison, uncertainty in regeneration energy and cycle
time had a relatively small influence over the ranges investigated. The absolute economic result should
therefore be regarded as a screening-level estimate and interpreted together with the assumptions used
for equipment costing, financing and plant integration.

Overall, the present simulations support TSA with Zeolite 4A as a technically feasible option for deep
drying of hydrogen under the investigated conditions. The most important remaining steps are experi-
mental validation of the cyclic TSA model, further investigation of the blowdown thermal behaviour, and
a better-validated comparison with optimised PSA/VPSA regeneration.

5.1. Recommendations

Experimental validation should be the highest priority for future work. Breakthrough and cyclic TSA
experiments should be performed using Zeolite 4A pellets and operating conditions representative of
the present model. The resulting data should be used to validate the equilibrium model and calibrate
the Linear Driving Force coefficient, gas—solid heat-transfer coefficient and gas—wall heat-transfer co-
efficient.

The very low temperature predicted near the top of the bed during blowdown should also be investigated
experimentally. Local temperature measurements during depressurisation would determine whether
the simulated —50 to —55 °C excursion is realistic. If confirmed, slower blowdown, staged depressuri-
sation or controlled heat input should be evaluated as possible methods for reducing excessive cooling
and limiting the risk of local condensation or freezing.

Further work should also revisit PSA and VPSA regeneration. The pressure transition strategy, valve
coefficients, vacuum level, purge conditions and solver settings should be systematically optimised,
and the resulting process should be simulated to cyclic steady state before a definitive comparison
with TSA is made.

For TSA regeneration, the present hot-purge approach should be compared with alternative methods
such as external jacket heating or internal heating elements. The comparison should consider regen-
eration time, temperature uniformity, hydrogen consumption, energy demand, equipment complexity
and economic performance.

The continuous three-bed arrangement should be implemented as an integrated dynamic flowsheet to
confirm the assumed 4 500 s standby period, heater scheduling, cooler scheduling and switching-valve
logic. This would allow the proposed continuous-production concept to be tested directly rather than
inferred from the single-bed cycle.
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Future techno-economic work should further validate the site-specific operating-labour requirement
used for the TSA section. In particular, the assumed allocation of one full-time-equivalent operator
should be checked against the operating philosophy of an actual electrolyser facility, where operators,
utilities and supporting infrastructure may be shared with the upstream hydrogen-production process.
Vendor quotations for hydrogen-service compressors, heaters, coolers, pressure vessels and auto-
mated switching valves should also be obtained to reduce the uncertainty associated with the generic
equipment-cost correlations used in the present screening-level analysis.



Detailled Process and Equipment
Calculations

This appendix presents the detailed numerical calculations supporting the process-performance indi-
cators and equipment-sizing results reported in the main text. The Results chapter presents only the
governing equations and the principal calculated values, while the numerical substitutions and interme-
diate calculations are provided here for completeness.

A.l. Hydrogen Recovery Calculation

Hydrogen recovery was defined as the fraction of hydrogen supplied during the adsorption step that
remained available as net product after accounting for the purified hydrogen consumed internally during
regeneration heating, cooling and repressurisation:

NH,,feed — THy,internal

Ry, = % 100. (A1)

T H, feed

The hydrogen supplied during one adsorption step was calculated from

NH, feed = 7:7/fe(:‘dtadb‘yH2,feed- (A2)

The corresponding operating conditions were
Tifeed = 0.0223 kmols™*,
tads = 14000 S,
and

YH, feed = 0.999128.

Therefore,

NH, feed = (0.0223)(14000)(0.999128) (A.3)
= 311.9278 kmol cycle . (A.4)
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Hydrogen Consumption During Regeneration Heating
The hydrogen consumed during the four heating stages was calculated from

NH, heating = Z hH%jAtj- (A5)
j
For the first heating stage at 100°C,
np, n1 = (7.5 x 1078)(1000) (A.6)
= 7.5 x 107" kmol. (A.7)

For the second heating stage at 100°C,

N, ne = (2.0 x 107%)(3000) (A.8)
= 0.6000 kmol. (A.9)
For the heating stage at 150°C,
ni, n3 = (1.0 x 107%)(3000) (A.10)
= 3.0000 kmol. (A.11)
For the final heating stage at 175°C,
nH, na = (1.0 x 107%)(8000) (A.12)
= 8.0000 kmol. (A.13)

The total hydrogen consumed during regeneration heating was therefore

NH, heating = MH,,h1 T MHy,h2 + NH,,h3 + NH, ha (A.14)
= 0.000075 + 0.6000 + 3.0000 + 8.0000 (A.15)
= 11.6001 kmol cycle™ . (A.16)

Hydrogen Consumption During Cooling
During the cooling step, dry hydrogen was supplied at

NH,,cooling = 0.002 kmol st

for

Atcoor = 3000 s.

The corresponding hydrogen consumption was

TH, ,cooling = hHQ,COO]ngAtCOOI (A17)
= (0.002)(3000) (A.18)

= 6.0000 kmol cycle™*. (A.19)
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Hydrogen Consumption During Repressurisation
The repressurisation hydrogen flow rate was
MHy repress = 597 x 107° kmols™*,
and the repressurisation step lasted
Atyepress = 2000 s.
The hydrogen required for repressurisation was therefore
T H, repress — hHQ,repressAtrepress (A20)
= (5.97 x 107°)(2000) (A.21)
= 0.1194 kmol cycle ™. (A.22)
Total Internal Hydrogen Consumption
The total hydrogen withdrawn from the purified product stream was
T H, ,internal = T'H, ,heating + TVH, ,cooling + TVH,,repress- (A23)
Substitution gives
N, internal = 11.6001 + 6.0000 + 0.1194 (A.24)
= 17.7195 kmol cycle . (A.25)
The net hydrogen available as useful product was therefore
THy net = MH,,feed — TH,,internal (A26)
=311.9278 — 17.7195 (A.27)
= 294.2083 kmol cycle™!. (A.28)
Substitution into Equation A.1 gives
294.2083
= 94.32%. (A.30)
Hence,
Ry, =94.32% | (A.31)
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Verification Over 23 Cycles
The cumulative hydrogen supplied during the 23-cycle cyclic-steady-state simulation was
NH, feed,23 = 23(3119278) (A32)
= 7174.34 kmol. (A.33)
The cumulative internal hydrogen consumption was
NH,,internal,23 = 23(177195) (A34)
= 407.55 kmol. (A.35)
The cumulative net hydrogen product was therefore
Ny net,23 = 7174.34 — 407.55 (A.36)
= 6766.79 kmol. (A.37)
The cumulative recovery was consequently
6766.79
Ho = 2oy ag ¥ 100 (A.38)
= 94.32%. (A.39)

The identical recovery obtained from the single-cycle and cumulative calculations confirms the con-
sistency of the adopted hydrogen balance. The calculation assumes that hydrogen used for heating,
cooling and repressurisation is withdrawn from the purified product stream and is therefore unavailable

as net dry-hydrogen product.

A.2. Hydrogen Productivity Calculation

The gross hydrogen production associated with one adsorption step was

NH,,gross = 911.9278 kmol cyclefl.

Using a rounded hydrogen molecular weight of

My, = 2 kgkmol ™!,

the corresponding gross hydrogen mass produced per cycle was

MH,,gross — an,grossMHQ
= 311.9278(2)
= 623.86 kg cycle L.

The hydrogen used internally for regeneration heating, cooling and repressurisation was

NH, internal = 17.7195 kmol cycle !,

(A.40)
(A.41)

(A.42)
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The equivalent internal hydrogen mass was therefore
MH,,internal = an,internalMHg (A43)
=17.7195(2) (A.44)
= 35.44 kg cycle ™. (A.45)
The net hydrogen production per completed adsorption-production interval was
TMH, net = MMH,,gross — T Hs,internal (A46)
= 623.86 — 35.44 (A.47)
= 588.42 kg cycle L. (A.48)
Thus,
M, net = 588.42 kg cycle ™ | (A.49)

Continuous Plant Hydrogen-Production Rate

In the staggered three-bed configuration, a new adsorption-production interval was completed every

tsiot = 14000 s.
Expressed in hours,
14000

3600
= 3.8889 h.

slot —

The average net hydrogen-production rate of the complete three-bed plant was therefore

TMH, net

mHg ,plant = ¢
slot

58842

~3.8889
=151.3kgh™ %

Hence,

mHg,plant =151.3 kg h*1 .

Total Adsorbent Inventory
Each TSA bed contained approximately

Mads,bed = 28 kg

of Zeolite 4A.

For three adsorption beds, the total adsorbent inventory was

(A.50)
(A.51)

(A.52)

(A.53)
(A.54)

(A.55)
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Mads,total = 3Tnads,bed (A56)
= 3(28) (A.57)
— 84 ke (A.58)

Continuous-Plant Adsorbent Productivity
The continuous-plant hydrogen productivity was defined as the net hydrogen production rate divided
by the total adsorbent inventory:

Tty prang = —nzplent (A.59)
Mads,total
Substitution gives
151.3
HHg,plant = 874 (A60)
= 1.80 kg, kg, h ™t (A.61)
Therefore,

HHQ,plant =1.80 kgH2 kg;dls hil - (A62)

This productivity is based on the complete three-bed adsorbent inventory and the staggered 14 000 s
adsorption-production interval. It therefore represents the continuous-plant productivity rather than the
productivity of an individual adsorption bed considered in isolation.

A.3. Regeneration-Hydrogen Heating Calculation

During regeneration, a portion of the purified hydrogen product was heated and introduced counter-
currently through the adsorption bed. The heating sequence consisted of two stages at 100°C, followed
by stages at 150°C and 175°C.

Hydrogen Enthalpy Change
The temperature-dependent enthalpy of hydrogen was calculated using the Shomate equation from
the NIST Chemistry WebBook [77]:

Bt? Ct® Dt* E
HO(T)—H§98_15 :At+T+T+T_ ?—FF—H, (A.63)

where

o T
1000

The enthalpy change relative to 298.15 K was therefore evaluated as

Ahgsp = H°(T) — H°(298.15). (A.64)

The calculated enthalpy differences were

Ahas_100 = 2176.06 kJ kmol ™,
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Ahgs_150 = 3634.89 kJ kmol ™!,

and

Ahos_y175 = 4365.41 kJ kmol L.

Heating-Stage Thermal Duties
The thermal duty during each regeneration-heating stage was calculated from

Q) = nu,,;Ahj, (A.65)
and the corresponding energy supplied during the stage was obtained from
Ej = Q;At;. (A.66)
Since
(kmols™") (kJkmol ') = kW,
Equation A.65 gives the thermal duty directly in kilowatts.

First Heating Stage at 100°C
For the first heating stage,

fH, 1 = 7.5 x 1078 kmols™!,

and
At; = 1000 s.
The corresponding thermal duty was
Q1 = fm,,18ha5 5100 (A.67)
= (7.5 x 1078)(2176.06) (A.68)
=1.63 x 1074 kW. (A.69)
The energy supplied during the stage was
Ey = Q1A (A.70)
= (1.63 x 107%)(1000) (A.71)
= 0.163 kJ. (A.72)
Converting to kilowatt-hours,
0.163
E,=— A7
173600 (A73)

=4.53 x 107° kWh. (A.74)
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Second Heating Stage at 100°C
For the second heating stage,
fHy 2 = 2.0 x 107* kmols™!,
and
Aty = 3000 s.
The thermal duty was
Q2 = (2.0 x 107%)(2176.06) (A.75)
= 0.435 kW. (A.76)
The corresponding energy requirement was
E5 = (0.435)(3000) (A.7T7)
= 1305.64 kJ (A.78)
= 0.363 kWh. (A.79)
Heating Stage at 150°C
For the 150°C heating stage,
fH,3 = 1.0 x 1072 kmols ™!,
and
Atz = 3000 s.
The corresponding thermal duty was
Qs = (1.0 x 1072)(3634.89) (A.80)
= 3.635 kW. (A.81)
The thermal energy supplied was
Es = (3.635)(3000) (A.82)
=10904.67 kJ (A.83)
= 3.029 kWh. (A.84)



A.3. Regeneration-Hydrogen Heating Calculation 84

Heating Stage at 175°C

For the final heating stage,

fHy 4 = 1.0 x 107 kmols™!,

and
Aty = 8000 s.
The thermal duty was
Q4 = (1.0 x 1073)(4365.41) (A.85)
= 4.365 kW. (A.86)

The corresponding energy requirement was

E, = (4.365)(8000) (A.87)
= 3492328 kJ (A.88)
= 9.701 kWh. (A.89)

Total Regeneration-Hydrogen Heating Energy
The total sensible energy supplied to the regeneration hydrogen during one heating sequence was

Eihermal,cycle = E1 + Ea + E3 + Ey. (A.90)
Therefore,
Ethermal,cycle = 0.000045 + 0.363 + 3.029 + 9.701 (A.91)
= 13.093 kWhcycle ™. (A.92)
Converting to megajoules,
FEthermal,cycle = 13.093(3.6) (A.93)
=47.13 MJ cycle™ L. (A.94)

Hence,

Ethermal,cycle =47.13 MJ Cy01€71 . (A95)
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Electrical Heater Requirement
For an assumed heater efficiency of
Thheater = 0907
the electrical energy supplied to the heater was calculated from
E ermal,cycle
Eelectrical,cycle = M (A96)
Theater
Thus,
13.093
Eelectrical,cycle = W (A97)
= 14.55 kWhcycle ™. (A.98)
Equivalently,
Eelectrical,cycle = 52.37 MJ Cyde_1~
Heater Capacity
The maximum instantaneous thermal duty occurred during the final 175°C heating stage:
chermal,max = 4.365 kW.
Accounting for heater efficiency, the maximum electrical input requirement was
Wheater,max = M (Agg)
TMheater
4.365
= A.100
0.90 ( )
= 4.85 kW. (A.101)
A design factor of 1.20 was then applied:
thatcr,dcsign == 1-20thatcr,max (A102)
= 1.20(4.85) (A.103)
= 5.82 kW. (A.104)
A nominal heater capacity of
Wheater,selected ~ 6 kW (A1 05)

was therefore selected.

The calculated 47.13 MJ cycle™! represents the sensible enthalpy supplied to the regeneration hydro-
gen. It is not added independently to the theoretical bed-regeneration energy because the heat trans-
ferred from the regeneration gas provides the energy required to heat the adsorbent and vessel and to

desorb water from the bed.
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A.4. Bed-Regeneration Energy Calculation

In addition to heating the regeneration hydrogen, thermal energy is required within the adsorber to heat
the Zeolite 4A, overcome the heat associated with water desorption, and heat the steel vessel wall. The

theoretical bed-regeneration energy was estimated as

Qregembed = Qzeolite + Qdesorption + Qwall-

The calculation was performed for one TSA bed and one regeneration cycle.

Adsorbent Inventory
The internal packed-bed volume was calculated from

wD?
Vbed = 1 “L,
where
D; =0.25 m,
and
L =0.75m.
Therefore,
7(0.25)2
Vbed = 7(0.75)
= 0.03682 m>.

Using a Zeolite 4A bulk density of
3

Pbulk = 760 kg m- )

the adsorbent mass contained in one bed was

Mads = Pbulk Vbed
= 760(0.03682)
— 27.98 kg.

For subsequent calculations, the adsorbent inventory was therefore taken as approximately

Mads ~ 28 kg bed!.

(A.106)

(A.107)

(A.108)
(A.109)

(A.110)
(A.111)
(A112)
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Sensible Heating of Zeolite 4A

The sensible heat required to increase the temperature of the adsorbent was calculated from

Qzeolite = Mads Cp,adsAT- (A 11 3)
The initial bed temperature was approximately
Tinitial = 25°C,
while the representative temperature at the end of the heating step was
Tﬁnal ~ 170°C.

The corresponding temperature increase was

AT = Tﬁnal - ﬂnitial (A114)
— 170 — 25 (A.115)
— 45 K. (A.116)

Using a Zeolite 4A heat capacity of

Cpads = 900 Jkg P K1

the sensible heat required to heat the adsorbent was

=3.65 x 10%J (A.118)
=3.65 MJ cycle™ . (A.119)

Heat Required for Water Desorption
The working adsorption capacity was estimated from the difference between the water loading at the
end of adsorption and the residual loading following regeneration:

Aq = (end,ads — dend,regen- (A120)
Using
Gend.ads = 0.0138 kmol kg !,

and

Jend,regen = 0.0018 kmol kg™,

the working capacity was

Ag = 0.0138 — 0.0018 (A.121)
= 0.0120 kmol kg~ *. (A.122)
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The amount of water desorbed from one bed during regeneration was calculated from

NMH,0,des = madsAq~ (A123)

Therefore,
NH,0,des = 27.98(0.0120) (A.124)
= 0.3358 kmol cycle 1. (A.125)

Using a water molecular weight of

My,0 = 18 kgkmol ™,

the corresponding mass of water removed was

MH,0,des = TH,0,desMH,0 (A.126)
= 0.3358(18) (A.127)
= 6.04 kg cycle™ . (A.128)

Using a heat of adsorption magnitude of

|AH, 45| = 59 MJ kmol ™%,

the corresponding desorption-energy requirement was estimated from

C2desorption = NMH,0,des ‘AHads| . (A129)

Thus,
Qdesorption = 03358(59) (A130)
=19.81 MJcycle™ . (A.131)

Sensible Heating of the Vessel Wall
The TSA vessel was represented as a cylindrical steel shell having an internal diameter of

D; =0.25m
and a wall thickness of
6 = 0.005 m.
The corresponding outer diameter was
D, = D; +2 (A.132)
= 0.25 + 2(0.005) (A.133)

= 0.26 m. (A.134)
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The cylindrical shell volume was calculated from
Vieall = g (D2 - D?) L. (A.135)
Therefore,
Viall = % [(0.26)% — (0.25)2] (0.75) (A.136)
=3.00 x 1073 m?. (A.137)
Using a steel density of
Psteel = 7900 kg m737
the cylindrical vessel-wall mass was
Meyall = pstcclvwall (A138)
= 7900(3.00 x 107%) (A.139)
= 23.73 kg. (A.140)
The sensible heat required to heat the vessel wall was calculated from
Qwall = Myl Cp steet AT (A.141)
Using
Cp steel = 500 Jkg P K1,
and
AT =145 K,
the vessel-wall heating requirement was
Qwan = (23.73)(500)(145) (A.142)
=1.72x10%J (A.143)
=1.72 MJ cycle ™. (A.144)

Total Theoretical Bed-Regeneration Energy

The total theoretical thermal requirement was obtained by summing the adsorbent sensible heat, water-

desorption energy, and vessel-wall sensible heat:

Qregen,bed = Qzeolite + Qdesorption + Qwall

=3.65 +19.81 + 1.72
=25.18 MJ cycle™!.

(A.145)
(A.146)
(A.147)
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Therefore,

Qregen,bed = 25.18 MJ cycle ™t bed™! ~ 25.2 MJ cycle ! bed ™! |. (A.148)

The calculated regeneration-gas heating requirement of 47.13 M.J cycle ™! and the theoretical bed-regeneration
demand of 25.18 MJ cycle~! bed~! represent different energy quantities and are not added together.

The former represents the sensible enthalpy supplied to the regeneration hydrogen, while the latter
estimates the thermal demand within the adsorber that is supplied through heat transfer from the hot
regeneration gas.

A.5. Cooling-Duty Calculation

Following regeneration, the adsorption bed was cooled using dry hydrogen before repressurisation and
the start of the subsequent adsorption step. The cooling requirement was estimated from the sensible
heat removed from the Zeolite 4A and the cylindrical steel vessel wall.

The total cooling-energy requirement was calculated from

Qcool,total = Qcool,ads + Qcool,wall- (A149)

Temperature Difference
At the end of the heating step, the representative bed temperature was approximately

Thot = 169°C.

Following cooling, the bed temperature decreased to approximately

Teola = 298.482 K =~ 25°C.

The temperature difference used in the cooling calculation was therefore

AT = Thot — Teold (A1 50)
~ 169 — 25 (A.151)
— 44 K. (A.152)

Heat Removed from Zeolite 4A
The sensible heat removed from the adsorbent was calculated from

Qcool,ads = madscp,adsAT~ (A1 53)
Using
Mads = 27.98 kg,
Cpads = 900 Jkg P K1
and

AT = 144 K,
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the cooling energy associated with the adsorbent was
Qcool,ads = (27.98)(900)(144) (A.154)
=3.63x10%J (A.155)
= 3.63 MJ cycle ™. (A.156)
Converting to kilowatt-hours,
3.63
cool,ads = 5 4 A.157
Qeootads = == (A157)
= 1.01 kWhcycle . (A.158)
Heat Removed from the Vessel Wall
The sensible heat removed from the cylindrical steel vessel wall was calculated from
Qcool,wall = Myall Cp steel AT (A.159)
Using the previously calculated vessel-wall mass,
Myall = 23.73 kg,
together with
Cp steel = 500 Jkg ' K1,
the vessel-wall cooling requirement was
Qcoolwall = (23.73)(500)(144) (A.160)
=1.71 x 10%J (A.161)
=1.71 MJ cycle™ . (A.162)
In kilowatt-hours,
1.71
Qcoohwall - W (A163)
= 0.47 kWh cycle . (A.164)
Total Cooling Energy
The total sensible heat removed from one TSA bed was therefore
Qcool,total = Qcool,ads + Qcool,wall (A1 65)
=3.63+1.71 (A.166)
= 5.34 MJ cycle . (A.167)

Equivalently,
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5.34

Qcool,total = % (A168)
= 1.48 kWheycle ™. (A.169)

Thus,
Qeool total = 5.34 MJ cycle ' bed ™! | (A.170)

Average Cooling Duty
The cooling step had a duration of

Ateoor = 3000 s.

The average cooling duty was calculated from

: Qcool total
cool = ’ . A.171
Qcool X ( )
Substitution gives
. 5.34 x 102 kJ
cool — A.172
@eool 3000 s ( )
=1.78 kJs ! (A.173)
= 1.78 kW. (A.174)

Selected Cooling Capacity
A design factor of 1.20 was applied to account for operating variations, heat-transfer limitations and
additional thermal loads:

Qcool,design = 1-20Qcool (A175)
= 1.20(1.78) (A.176)
— 2,14 kW. (A177)

A nominal cooling-gas cooler capacity of

Qcool,selected =25kW (A178)

was therefore selected.

The calculation includes the sensible heat removed from the Zeolite 4A and the cylindrical portion of the
steel vessel wall. Thermal contributions from the vessel heads, piping, insulation and heat exchange
with the surroundings were not explicitly included.
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A.6. Hydrogen Compressor Calculation

The wet-hydrogen feed from the electrolyser was compressed from 10 bar to the TSA adsorption pres-
sure of 25 bar. The compressor sizing calculation was based on the following operating conditions:

P, =10 bar, P, = 25 bar,

T, = 298 K, Nfoed = 0.0223 kmols™!.

The pressure ratio was therefore

r, = % (A179)
25

-= (A.180)

=25. (A.181)

The compression was approximated as adiabatic compression of an ideal gas with a hydrogen heat-
capacity ratio of

Isentropic Outlet Temperature
The isentropic compressor-outlet temperature was calculated from

(k—1)/k
Ty (P2
7= <P1> . (A.182)
Substitution gives
Ty, =298 (2.5)47 /14 (A.183)
= 387.2 K. (A.184)

The corresponding isentropic temperature increase was

AT, =Ty, — T} (A.185)
— 387.2 — 298 (A.186)
=802 K. (A.187)

Isentropic Compressor Power
Using a representative hydrogen molar heat capacity of

Cpm, = 29 kJkmol ' K1,

the isentropic enthalpy increase was estimated from

Ahy = Cpy, (Tos — Th). (A.188)
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Therefore,
Ahg = 29(89.2) (A.189)
= 2586 kJ kmol . (A.190)
The corresponding isentropic compressor power was
Ws = Nfecd ANs. (A1 91)
Thus,
W, = 0.0223(2586) (A.192)
= 57.7kW. (A.193)
Required Compressor Shaft Power
An isentropic compressor efficiency of
ns = 0.75
was assumed.
The actual specific enthalpy increase was calculated from
A
Ahactual = ]hs . (A1 94)
Hence,
2586
Ahactual = ——— A.195
el =075 ( )
= 3448 kJ kmol . (A.196)
The required compressor shaft power was therefore
Wshaft = 7.7/feedA]”Lactual- (A1 97)
Substitution gives
Wihage = 0.0223(3448) (A.198)
= 76.9 kW. (A.199)

Thus,

Wihatt = 76.9 kW |.

(A.200)
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Compressor Electrical Input
Assuming a motor efficiency of
Tlmotor = 0957
the compressor electrical input was calculated from
Wotocurie = Lobatt (A.201)
motor
Therefore,
76.9
electric = S op A.202
Weteetric = § g5 (A.202)
= 80.9 kW. (A.203)
Hence,
Welectric = 80.9 kW | (A.204)
A design factor of 1.10 was applied to the required electrical power:
Wmotor,design = 1-1OWelectric (A205)
= 1.10(80.9) (A.206)
= 89.0 kW. (A.207)
A nominal compressor-motor rating of
Wmotor,selected ~ 90 kW (A208)
was therefore selected.
Actual Compressor Outlet Temperature
The compressor isentropic efficiency can also be expressed as
Ty s —Th
= T A.209
K T2,actual - Tl ( )
Rearranging gives
Tos—T
TQ,actual = Tl + g (A210)
Therefore,
7.2—2
T2,actual =298 + u (A211)

0.75
=416.9 K.

(A.212)
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Converting to degrees Celsius,
Tctual = 143.8°C.
Thus,
T etual = 417 K & 144°C | (A.213)

The compressor shaft power of 76.9 kW was used as the equipment sizing parameter in the Open-
PyTEA compressor-cost correlation, whereas the electrical input of 80.9 kW was used for electricity-

consumption and operating-cost calculations.

A.7. Compressor Aftercooler Calculation

Compression increased the hydrogen temperature from approximately 25°C to 144°C. An aftercooler
was therefore required to reduce the compressed hydrogen temperature back to the TSA adsorption

temperature of approximately 25°C.

The aftercooler duty was calculated from

QAC = hfeedCP,HQ (T27actual - TAC’OUt) ’

The corresponding operating conditions were

Nfeed = 0.0223 kmols™!,
Cpr, =29 kJkmol ' K1,

TQ,actual = 416.9 K,

and

TAC,out =298 K.

The enthalpy removed from the hydrogen during cooling was therefore

AhAC = C’p.,Hg (TQ,actual - TAC,out)
= 29(416.9 — 298)

= 3448 kJ kmol !,
The required aftercooler thermal duty was consequently
QAc = NfeedAhac
= 0.0223(3448)

=176.9 kW.

Thus,

(A.214)

(A.215)
(A.216)
(A.217)

(A.218)
(A.219)
(A.220)
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Oac = 6.9 kW | (A.221)

The calculated aftercooler duty is approximately equal to the compressor shaft power because the
hydrogen was assumed to undergo adiabatic compression and was subsequently cooled approximately
back to its original inlet temperature.

Selected Aftercooler Capacity
A design factor of 1.10 was applied to account for operating variations and additional thermal load:

QAC,design = 1.10QAc (A.222)
= 1.10(76.9) (A.223)
= 84.6 kW. (A.224)
A nominal aftercooler capacity of
QAC selected ~ 85 kW (A.225)

was therefore selected.

The calculated thermal duty of 76.9 kW was used as the sizing parameter for the OpenPyTEA heat-
exchanger cost correlation, whereas the 85 kW value represents the rounded nominal design capacity.

A.8. Continuous Three-Bed Scheduling Calculation

A staggered three-bed arrangement was proposed to provide a continuous supply of dried hydrogen
while allowing each individual bed sufficient time for blowdown, regeneration, cooling and repressuri-
sation.

Duration of One TSA Cycle

The complete simulated TSA cycle consisted of the following steps:
+ adsorption: 14000 s;
« first blowdown step: 1500 s;
» second blowdown step: 2000 s;
« first heating stage: 1000 s;
» second heating stage: 3000 s;
» third heating stage: 3000 s;
« fourth heating stage: 8000 s;
+ cooling: 3000 s; and
* repressurisation: 2000 s.

The total simulated cycle duration was therefore

teyele = 14000 + 1500 + 2000 + 1000 + 3000
+3000 + 8000 + 3000 + 2000 (A.226)
— 37500 s. (A.227)

Thus,
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teyele = 37500 | (A.228)

The non-adsorption portion of the cycle occupied

thon—ads = tcyclc — lads (A229)
— 37500 — 14000 (A.230)
— 23500 s. (A.231)

Minimum Number of Beds
The minimum number of beds required to maintain continuous adsorption was estimated from

Npeds,min = Fyl] : (A.232)
tads

Substitution gives

37500
N eds,min — A.233
beds, {14 000} ( )
— [2.679] (A.234)
—3. (A.235)

Therefore,

E) 250

Staggered Adsorption Schedule
The adsorption steps of the three beds were offset by the adsorption duration of 14 000 s. The proposed
sequence was therefore:

Bed A: 0<t<14000s,

Bed B: 14000 <t < 28000 s,

and

Bed C: 28000 <t < 42000 s.
Bed A subsequently returned to adsorption at t = 42000 s, after which the sequence was repeated.
The repeat period of an individual bed was therefore
tbed,repeat = Nbedstads- (A237)

Thus,

tbed,repeat = 3(14 000) (A238)
— 42000 s. (A.239)
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Pressurised Standby Period
Since the simulated adsorption and regeneration sequence required only

tegele = 37500 s,

while the same bed was required to return to adsorption after

tbed,repeat = 42000 S,

the available standby period was

tstandby = tbcd,rcpcat - tcyclc' (A240)
Substitution gives
tatandby = 42000 — 37500 (A.241)
= 4500 s. (A.242)
Hence,
tstandby =4500s | (A243)

During this period, the bed was assumed to remain isolated at approximately 25 bar after repressurisa-
tion and close to the adsorption temperature.

The 4500 s standby period was not explicitly included in the original 37500 s Aspen Adsorption multi-
cycle simulation. When extending the simulated cycle to the continuous three-bed arrangement, it was
therefore assumed that the additional standby period did not significantly change the bed temperature
or adsorbent water loading.

Since dry hydrogen was used during cooling and repressurisation, significant water readsorption during
this pressurised standby period was not expected.

Continuous Feed Operation

Because the adsorption periods of the three beds are staggered, at least one bed remains in adsorption
at all times. The common hydrogen compressor and compressor aftercooler can therefore operate
continuously at the selected feed rate of

fifeed = 0.0223 kmol s~ | (A.244)

A new adsorption-production interval is completed every

taior = 14000 s,

even though the complete adsorption—-regeneration sequence of an individual bed requires 37500 s.
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Shared Regeneration-Heater Scheduling
The complete heating sequence of one TSA bed consisted of four heating stages with a total duration
of

theating = 1000 + 3000 + 3000 + 8000 (A.245)
= 15000 s. (A.246)

A new bed completes adsorption every

14000 s.

If the simulated schedules were applied without modification, the heating periods of two consecutive
beds would therefore overlap by

toverlap = 15000 — 14000 (A.247)
— 1000 s. (A.248)

Thus,
toverlap = 1000 s |. (A249)

This overlap corresponds to the initial 100°C heating stage of the following bed. The thermal duty
associated with this stage was

Q1 =1.63 x 1074 kW,

which is negligible compared with the later regeneration-heating stages.

A single common regeneration heater was therefore assumed to be sufficient, provided that the initial
low-flow heating stage is rescheduled within the available standby margin. Since

tstandby = 4500 s > toverlap = 1000 s,

the available scheduling margin is sufficient to avoid simultaneous significant heating demand from two
beds without changing the 14 000 s continuous production interval.

The TSA cooling-gas cooler was similarly assumed to be shared between the three beds through the
automated switching system.

A.9. Blowdown Temperature Estimates
During the TSA blowdown step, the bed pressure decreased from approximately

P, = 25 bar

to

P, =1 bar.

The non-isothermal Aspen Adsorption simulation predicted a minimum local temperature of approxi-
mately
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Taspen ~ 218.15 K =~ —55°C.

To assess whether this temperature reduction was thermodynamically reasonable, two limiting calcula-
tions were performed: a Joule—Thomson estimate based on the Peng—Robinson equation of state and
an ideal reversible adiabatic expansion.

A.9.1. Joule--Thomson Expansion
The Joule—Thomson coefficient is defined as

oT
== A2
wn = (55) - (A.250)
where the expansion is considered at constant enthalpy,
hl = h2. (A251)
For a real gas, the Joule—Thomson coefficient can be expressed as

1 ov
HyT = C—p [T <0T>P — v} . (A.252)

The thermodynamic properties of hydrogen were estimated using the Peng—Robinson equation of state:

_ RT a(T)
Ty g T A (A.253)
The temperature-dependent attraction parameter is
a(T) = ac.a(T), (A.254)
2T2
ac = 0.45724RP <, (A.255)
T,
b= 0.07780]; = (A.256)
with
2
a(T) = [1 +r (1 - \/T,.ﬂ , (A.257)
T
T = — A2
= (A.258)
and
K = 0.37464 4 1.54226w — 0.26992w>. (A.259)

For hydrogen, the properties used were
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T. = 33.18 K, (A.260)
. = 13 bar, .
P, b (A.261)
w=—0.216 .
, (A.262)
R=28.314Jmol 'K~ (A.263)

At the initial blowdown condition,

T1 = 298 K, P1 = 25 bar.

The Peng—Robinson parameter « was

K = 0.37464 + 1.54226(—0.216) — 0.26992(—0.216)> (A.264)
= 0.028918. (A.265)

The reduced temperature was

298

~ 8.99. (A.267)
Therefore,
2
a(T) = [1 +0.028918 (1 - \/8.99)} (A.268)
~ 0.888. (A.269)
The resulting Peng—Robinson parameters were approximately
ae ~ 2.68 x 1072 Pam®mol 2, (A.270)
a(T) ~ 2.38 x 1072 Pam®mol 2, (A.271)
b~ 1.65x 107° m3mol L. (A.272)
The dimensionless Peng—Robinson parameters were calculated as
a(T)P bP
A= ——— B=—. A.27
R2T2° RT ( 3)
At 298 K and 25 bar,
A =~ 0.0097, (A.274)
B~ 0.0167. (A.275)

The compressibility factor was determined from
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Z*~(1-B)Z*+ (A-3B*-2B)Z— (AB— B> - B?) =0. (A.276)
The gas-phase root was approximately
7 =~ 1.
The corresponding molar volume was
ZRT
== A.277
v="3 (A277)
~ 9.9 x 107* m® mol ™. (A.278)
The required temperature derivative of molar volume was obtained from
(57)
v or /,
(8T>P = —?, (A.279)
ov ) p
giving approximately
v —6 3 —1qo-1
— ] ~334x107° m°mol™ K. (A.280)
oT ) p
Using
Cpa29 Jmol 'K,
the Joule—Thomson coefficient was
1
Har = 55 [298 (3.4 107°) — 9.9 107] (A.281)
~ 227 x 107" KPa™! (A.282)
= 0.0227 K bar™. (A.283)
The pressure change was
AP=P,— P (A.284)
=1-25 (A.285)
= —24 bar. (A.286)
The corresponding Joule—Thomson temperature change was
ATJT = /,LJTAP (A287)
= (0.0227 K bar™ ") (—24 bar) (A.288)

= —0.5448 K.

(A.289)
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The final temperature predicted from this approximation was therefore
Ty yr =T1 + ATyp (A.290)
= 298 — 0.5448 (A.291)
=297.46 K (A.292)
~24.3°C. (A.293)

Thus,

To.g7 ~ 297.46 K ~ 24.3°C | (A.294)

The Joule—Thomson effect therefore predicts only a small temperature decrease for the 25 to 1 bar

pressure reduction.

A.9.2. Ideal Reversible Adiabatic Expansion

For comparison, the opposite limiting case was estimated by treating the blowdown as an ideal re-

versible adiabatic, or isentropic, expansion of an ideal gas:

L (BT
n \P '
A heat-capacity ratio of

y=14

was assumed for hydrogen.

Substitution gives

1.4—1

1 1.4
Tyaa = 208 ( —
2,ad 98 (25)

=118.79 K.

Converting to degrees Celsius,

Ty o = 118.79 — 273.15
= —154.36°C.

Therefore,

Ty 0 ~ 118.79 K ~ —154.4°C|.

(A.295)

(A.296)
(A.297)

(A.298)
(A.299)

(A.300)

This represents an idealised limiting case in which the expanding gas receives no heat from the adsor-

bent particles or vessel wall.
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A.9.3. Comparison with the Aspen Adsorption Result
The three temperature estimates were

Ty g1 ~ 297.46 K = 24.3°C,
Taspen =~ 218.15 K = —55°C,
Ty aa ~ 118.79 K = —154.4°C.

Consequently,

TZ,ad < TAspen < TQ,JT .

(A.301)
(A.302)
(A.303)

(A.304)

The Aspen Adsorption prediction lies between the two limiting estimates. The simulated blowdown
should therefore not be interpreted as either a purely isenthalpic Joule—Thomson throttling process
or an ideal reversible isentropic expansion. Instead, the transient temperature response reflects the
combined effects of gas expansion, pressure variation and heat transfer between the gas, adsorbent

and vessel wall.



Detalled Techno-Economic Analysis

This appendix presents the detailed inputs, equipment-costing basis and economic assumptions used
in the final OpenPyTEA techno-economic analysis of the three-bed TSA hydrogen-drying process. The
main text presents the principal methodology and economic results, whereas the detailed model inputs,
equipment correlations and intermediate calculations are documented here for reproducibility.

B.1. OpenPyTEA Model Configuration

The techno-economic assessment was implemented using [76]. Process equipment sizes and op-
erating requirements obtained from the TSA process analysis were supplied to the corresponding
equipment-cost correlations available in the OpenPyTEA database.

The economic model represents the incremental cost of the hydrogen-drying section integrated within
a larger hydrogen-production facility. Upstream hydrogen production by electrolysis and downstream
hydrogen distribution infrastructure were therefore excluded from the economic boundary.

The principal OpenPyTEA configuration parameters are summarised in Table B.1.

Table B.1: Base-case OpenPyTEA model configuration.

Parameter Value Unit
Plant name TSA Green Hydrogen Drying -
Process type Fluids -

Plant location Netherlands -

Target cost year 2024 -
Reporting currency EUR -
Exchange-rate basis 1 EUR = 1.0824 USD -

Project lifetime 20 years
Interest rate 9 %
Base-case plant utilisation 100 %
Electricity price 0.246 EURKWh—!
Operator hourly rate 35.21 EURh™!
Allocated operating labour 1 FTE
OSBL factor 20 % of ISBL
Design and engineering 30 %
Contingency 10 %
Working-capital factor 15 % of FCI
Heater efficiency 90 %
Number of TSA beds 3 -

TSA active cycle time 37,500 s

Annual dry-H, production  1.325388 x 10° kgyear~!

106
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The annual dry-hydrogen production was obtained from the continuous three-bed production rate of
151.3 kgh~!. At the base-case plant utilisation of 100%,

M, annual = 151.3(24)(365) = 1.325388 x 10° kg year ™. (B.1)

The exchange-rate conversion used in the OpenPyTEA model was

= 0.9239. (B.2)

FyspEUR = 10824

OpenPyTEA equipment costs expressed on a US-dollar basis were therefore converted to euros using
this factor.

B.2. Equipment Included in the Final Economic Model

The final OpenPyTEA model contained eight equipment objects. The three TSA adsorption vessels
were represented individually because each pressure vessel is a separate installed equipment item.
The final equipment inputs are listed in Table B.2.

Table B.2: Equipment inputs supplied to OpenPyTEA in the final TSA model.

Equipment OpenPyTEA input Equipment type Costing basis

Hydrogen 93 kW cost floor Reciprocating Towler driver-power correlation;

compressor compressor actual process shaft power is

76.9 kW

Compressor 76.9 kW Heat exchanger Nexant duty-based correlation

aftercooler

TSA vessel 1 120 kg Vertical 304SS Minimum shell-mass correlation
vessel limit

TSA vessel 2 120 kg Vertical 304SS Minimum shell-mass correlation
vessel limit

TSA vessel 3 120 kg Vertical 304SS Minimum shell-mass correlation

Regeneration-gas
heater

TSA cooling-gas
cooler
Waste receiver

5.238 kW thermal
duty

2.5 kW

613.2 kg

vessel
Heat exchanger

Heat exchanger
Horizontal

carbon-steel
vessel

limit

Nexant duty-based correlation
used as a small indirect
gas-heater proxy

Nexant duty-based correlation

Preliminary shell-mass input

For the compressor, three power values are distinguished. The ideal-fluid compression power is ap-
proximately 57.7 kW, the required shaft power is 76.9 kW, and the electrical input after motor losses
is 80.9 kW. The reciprocating-compressor cost correlation begins at 93 kW. Since the actual shaft
requirement lies below this lower limit, 93 kW was used only as the CAPEX costing floor. The physical
process duty was not increased; 76.9 kW remains the required shaft power and 80.9 kW remains the
electrical demand used for OPEX.

The regeneration-gas heater was not represented using the OpenPyTEA cylindrical-furnace option in
the final model. The furnace correlation produced an implausibly high equipment cost for the very
small heater required in this process. Instead, the heater was represented by the built-in Nexant duty-
based heat-exchanger correlation using the design thermal duty of 5.238 kW. The physical process
unit remains a regeneration-gas heater; the heat-exchanger representation is only an economic proxy.
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A separate dry-hydrogen storage vessel was not included in the final economic boundary. The prelimi-
nary 21 m® vessel represented approximately one cycle of internal regeneration and cooling hydrogen.
In the final integrated configuration, this gas is taken from the continuously available dry-product header.
Including a dedicated storage vessel in addition to that shared header would therefore double count
storage capacity within the selected incremental boundary.

B.3. Treatment of TSA Vessels, Valves and Zeolite
The calculated cylindrical shell mass of one TSA vessel was approximately

Mgshell,actual = 23.73 kg.

The OpenPyTEA correlation selected for a vertical 304 stainless-steel pressure vessel is applicable
from a minimum shell mass of

Mshell,min = 120 kg

Since 23.73 < 120 kg, direct extrapolation below the stated correlation range was avoided. The mini-
mum correlation value was therefore applied as a costing floor:

MTSA cost = 120 kg vessel ! |. (B.3)

The actual calculated shell mass remained 23.73 kg; the 120 kg value was used only for economic
costing.

The physical three-bed TSA system requires twelve automated switching valves, corresponding to
four principal valves per bed. However, the OpenPyTEA cost database did not contain an applicable
automated process-valve correlation. The valves were therefore retained within the physical process
boundary but were not included as separate purchased-equipment items. Their associated piping,
instrumentation, electrical and installation requirements are partly represented through the general
OpenPyTEA installation factors.

Similarly, no applicable built-in OpenPyTEA equipment-cost correlation was available for Zeolite 4A.
To maintain an OpenPyTEA-only deterministic costing basis, no external adsorbent supplier price was
introduced. The initial zeolite charge and replacement cost are therefore not explicitly represented and
remain limitations of the screening-level economic assessment.

B.4. OpenPyTEA Equipment Cost Correlations

Equipment purchase costs were estimated using correlations contained within the OpenPyTEA equipment-
cost database. The final correlation basis is summarised in Table B.3.
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Table B.3: OpenPyTEA equipment-cost correlations used in the final TSA economic model.

Equipment OpenPyTEA Sizing Validity Original cost basis
correlation variable treatment
Hydrogen Reciprocating Driver power  Lower Towler
compressor compressor [kW] correlation
limit of 93 kW
used
Compressor Heat exchanger  Duty Duty used Nexant
aftercooler [MMBTUh=!] directly
TSA pressure Vertical 304SS Shell mass 120 kg lower Towler
vessels pressure vessel [kq] limit used
Regeneration- Heat exchanger  Duty Screening- Nexant
gas heater [MMBTUhAh™!] level heater
proxy
TSA Heat exchanger  Duty Duty used Nexant
cooling-gas [MMBTUAh™'] directly
cooler
Waste receiver  Horizontal Shell mass Preliminary Towler
carbon-steel [ka] shell mass
pressure vessel within
correlation
range

B.4.1. Hydrogen Compressor Correlation
The final model used the OpenPyTEA reciprocating-compressor correlation. The required process
shaft power was

thaft =76.9 kW.

Because the lower driver-power limit of the selected correlation is 93 kW, direct extrapolation below
the stated range was avoided. The CAPEX input was therefore

Wcomp,cost =93 kW | (B4)

The compressor electrical input of 80.9 kW was used separately for the electricity calculation and was
not used as the equipment-costing input.

B.4.2. Heat-Exchanger Correlations
The compressor aftercooler, regeneration-gas heater proxy and TSA cooling-gas cooler were repre-

sented using the Nexant duty-based heat-exchanger correlation. The conversion from kilowatts to
MMBTU h—! was

QuivsTu/m = 0.00341214Qw - (B.5)

For the compressor aftercooler,

QAC.cost = 76.9(0.00341214) = 0.2624 MMBTU h~". (B.6)

For the regeneration-gas heater,

Qneater.cost = 5.238(0.00341214) = 0.01787 MMBTU L. (B.7)
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For the TSA cooling-gas cooler,

Qeooler.cost = 2.5(0.00341214) = 0.00853 MMBTUh~ L. (B.8)

B.4.3. TSA Pressure-Vessel Correlation

The three TSA vessels were represented using the vertical 304 stainless-steel pressure-vessel corre-
lation. The actual cylindrical shell mass was 23.73 kg per vessel, below the 120 kg lower correlation
limit. Therefore,

MTSA,cost = 120 kg vessel 7! (B.9)

was used for each of the three separate OpenPyTEA vessel objects.

B.4.4. Waste-Receiver Correlation
The waste receiver was represented using the horizontal carbon-steel pressure-vessel correlation. The
preliminary shell mass supplied to OpenPyTEA was

| Mvaste = 613.2 kg, (B.10)

This value lies within the stated 160 — —50 000 kg correlation range. The receiver remains a screening-
level design because its final volume, wall thickness and allowable pressure require detailed transient
and mechanical design.

B.5. Preliminary Waste-Receiver Sizing
A preliminary waste-gas receiver volume of

3
Vwaste =5m
was retained for the screening-level economic analysis. The vessel provides short-duration surge ca-

pacity for gas discharged during blowdown and regeneration rather than permanent storage of the
complete waste stream. A cylindrical geometry with

= _3
D;

was assumed. The internal diameter was obtained from

1/3
D; = (‘%“) =1.285 m, (B.11)
3

and the corresponding cylindrical length was

L =3D; =3.855m. (B.12)

A practical nominal shell thickness of

twaste = © mm = 0.005 m

was assumed for the preliminary calculation. The outer diameter was therefore D, = 1.295 m. The
cylindrical shell volume was



B.6. Purchased and Direct Installed Equipment Costs 11

g(pg — D?)L ~ 0.0781 m®. (B.13)

‘/shell,waste =

Using a carbon-steel density of pcg = 7850 kg m 3,

Myaste = pCS‘/;hell,waste = 613.2 kg (B14)

The assumed 5 m?3 volume and 5 mm shell thickness should be regarded as preliminary screening
assumptions. Final sizing requires the transient blowdown flow, maximum allowable receiver pressure,
downstream discharge conditions and a complete mechanical design.

B.6. Purchased and Direct Installed Equipment Costs

OpenPyTEA was used to calculate the purchased and direct installed cost for each equipment item.
The final results are summarised in Table B.4.

Table B.4: Purchased and direct installed equipment costs obtained using OpenPyTEA.

Equipment Purchased cost (EUR) Direct installed cost (EUR)
Hydrogen compressor 457,386 1,463,634
Compressor aftercooler 184,147 589,270
Three TSA pressure vessels 88,656 331,573
Regeneration-gas heater 36,737 117,560
TSA cooling-gas cooler 23,571 75,426
Waste receiver 23,426 74,964
Total 813,923 2,652,428

The unrounded purchased-equipment subtotal was approximately

] Curchased = 813,923 EUR \ (B.15)

The direct installed cost was

| Carect = 2,652,428 EUR | (B.16)

The hydrogen compressor is the largest purchased-cost item. The regeneration heater is no longer a
dominant CAPEX item because the final model uses the small duty-based heat-exchanger proxy rather
than the cylindrical-furnace correlation.

OpenPyTEA calculates the direct installed cost from purchased cost using its standard material and
installation factors. In general,

Cdirect = Cp [(1 + fpiping)fmaterial + ferection + felectrical + finstrumentation + fcivil + fstructural + flagging] .
(B.17)

For the default carbon-steel fluid-process equipment, the retained OpenPyTEA factors give a direct-
to-purchased-cost ratio of approximately 3.20. For the 304 stainless-steel TSA vessels, the material
factor increases the ratio to approximately 3.74. Across the complete equipment set, the resulting ratio
is approximately

2.652

., .2. B.1
0.814 326 (B.18)

No external reduction of the installation factors was applied in the final base case.
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B.7. Capital-Cost Calculation

The total direct installed cost was

Cairect = 2,652,428 EUR. (B.19)

For the Netherlands, the OpenPyTEA location factor was

Floe = 1.19.

The inside-battery-limits cost was therefore

CISBL = Eoccdirect ~ 3,156,389 EUR. (BZO)

For the final integrated hydrogen-drying boundary, the OSBL factor was set to

Fospr, = 0.20.

Thus,

Cossr, = 0.20C1spL, =~ 631,278 EUR. (B.21)

Design and engineering and contingency were retained at 30% and 10%, respectively, of the combined
ISBL and OSBL basis:

Cbhgr = 0.30(Ciser, + Cosar) =~ 1,136,300 EUR, (B.22)
Coont = O.lO(CISBL + COSBL) ~ 378,767 EUR. (823)
The fixed capital investment was therefore

Crc1 = CisBL + CosBrL + Cpgr + Coont, (B.24)

which gives

Crcr = 5,302,733 EUR ~ 5.303 million EUR |. (B.25)

The resulting capital-cost breakdown is summarised in Table B.5.

Table B.5: Detailed capital-cost breakdown obtained using OpenPyTEA.

Capital-cost component Cost (EUR)
Total purchased equipment 813,923
Total direct installed equipment 2,652,428
ISBL 3,156,389
OSBL 631,278
Design and engineering 1,136,300
Contingency 378,767
Fixed capital investment 5,302,733

Working capital is treated separately in the OpenPyTEA economic model and is not included in the FCI
reported above.
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B.8. Electricity Consumption and Variable OPEX Calculation

The variable operating expenditure included electricity consumed by the hydrogen compressor and
regeneration-gas heater. The thermal duties of the compressor aftercooler and TSA cooling-gas cooler
were used for equipment sizing but were not converted to additional electrical loads because a specific
cooling-system power requirement was not defined.

The compressor electrical input was

Weomp.el = 80.9 kW.

Since the compressor operates continuously,

Eeomp.d = 80.9(24) = 1941.6 kWhday . (B.26)

The staged regeneration calculation gave a sensible energy supplied to the regeneration hydrogen of

Qregen i, = 47.13 MJ cycle ! bed 1.
gen,Ho

This quantity was used for heater OPEX. The separately calculated 25.18 MJ cycle™! bed~! theoretical
bed-regeneration requirement was not added to it, because the hot regeneration gas supplies that bed
heating and desorption demand.

For a heater efficiency of nyeater = 0.90,

47.13
Eleaerc ce:7:14- kWh 1 71b dil. B.27
heater,cycl 0.90(3.6) 55 kWheycle™ " be ( )

Using the active single-bed cycle time of 37500 s, one bed completes

86 400 _
Neyele,bed,d = 37500 2.304 cycles day . (B.28)
For three beds,
Noyele,total,d = 3(2.304) = 6.912 bed cycles day L. (B.29)

The daily heater electricity consumption was therefore

Bheater.d = 14.5463(6.912) = 100.544 kWh day . (B.30)

The total electricity use was

Eepa = 1941.6 + 100.544 = 2042.144 kWh day ", (B.31)

or

Eelannual = 2042.144(365) = 745,382.6 kWh year " (B.32)

At the base-case electricity price of 0.246 EURkWh ™!,

CopEX var = 745,382.6(0.246) = 183,364 EUR year . (B.33)

The electricity-cost breakdown is summarised in Table B.6.
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Table B.6: Base-case electricity consumption and variable operating cost.

Electrical load Consumption (kWh/year) Cost (EUR/year)
Hydrogen compressor 708,684 174,336
Regeneration-gas heater 36,699 9,028
Total 745,383 183,364

The compressor accounts for approximately 95% of the electricity consumption included in the base
case.

B.9. Fixed Operating Expenditure Calculation

The final fixed-OPEX calculation was modified to reflect the incremental TSA boundary. OpenPyTEA's
automatic staffing routine would assign approximately 2.685 operators per shift and, after allowance
for shift coverage, would produce a total requirement of 13 operators for the small stand-alone flow-
sheet [76]. This was judged inappropriate for an automated drying section integrated within an existing
hydrogen-production facility.

The final deterministic base case therefore allocated one full-time-equivalent operator to the TSA sec-
tion. This does not imply that the complete hydrogen facility is operated by one person; it represents
only the incremental labour charged to the drying section.

The unrounded hourly labour rate used in the calculation was approximately 35.2088 EURh~!. With
1960 hyear—! per FTE,

Clabor = 1(1960)(35.2088) = 69,009.24 EUR year . (B.34)

Supervision was retained at 25% of operating labour:

Ciupervision = 17,252.31 EUR year . (B.35)
p

Direct salary overhead was retained at 50% of labour plus supervision:

Csalary = 43,130.77 EUR year . (B.36)

Maintenance was calculated as 5% of ISBL:

Crnaintenance = 0.05(3,156,389) ~ 157,819.44 EUR year " (B.37)

Taxes and insurance were calculated as 1.5% of ISBL:

Claxs insurance = 0.015(3,156,389) ~ 47,345.83 EUR year . (B.38)

Environmental charges were calculated as 1% of the combined ISBL and OSBL basis:

Clonvironment = 0.01(3,156,389 + 631,278) ~ 37,876.67 EUR year . (B.39)

Operating supplies were calculated as 0.9% of ISBL:

Chupplies = 0.009(3,156,389) ~ 28,407.50 EUR year . (B.40)

Working capital was estimated as 15% of FCI:
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Cwe = 0.15(5,302,733) ~ 795,410 EUR. (B.41)

At a 9% interest rate,

Cwe.imt = 0.09Cwe ~ 71,586.90 EUR year . (B.42)

Fixed-OPEX categories that were not considered incremental to the integrated drying section were
set to zero: laboratory charges, additional land rent, general plant overhead, patents and royalties,
distribution and selling, and research and development. These costs were excluded to avoid charging
the TSA section again for services assumed to exist at the surrounding hydrogen-production facility.

The final fixed-OPEX breakdown is given in Table B.7.

Table B.7: Detailed fixed operating-cost breakdown for the integrated TSA drying section.

Fixed-OPEX component Cost (EUR/year)

Operating labour 69,009
Supervision 17,252
Direct salary overhead 43,131
Laboratory charges 0
Maintenance 157,819
Taxes and insurance 47,346
Rent of additional land 0
Environmental charges 37,877
Operating supplies 28,407
General plant overhead 0
Interest on working capital 71,587
Patents and royalties 0
Distribution and selling 0
Research and development 0
Total fixed OPEX 472,429
Thus,
COPEX,ﬁxed = 472,429 EURyearfl . (B.43)

Combining fixed and variable OPEX gives

CoPEX. total = 472,429 + 183,364 = 655,793 EUR year . (B.44)
The fixed and variable shares are approximately 72% and 28%, respectively. Fixed costs remain larger

than electricity expenditure, but the corrected integrated model is no longer dominated by the stand-
alone staffing and overhead assumptions of the preliminary analysis.

B.10. Levelized Cost Calculation
The deterministic OpenPyTEA model used

CFCI = 5.303 million EUR,

CopPEX fixed = 0.472 million EUR year_l,
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CopEX var = 0.183 million EUR year™ ",

and

MH,,annual = 1.325388 X 108 kg yearfl.

The project lifetime and discount rate were

N = 20 years, 1 = 0.09.

The levelized cost is calculated from discounted capital and operating costs divided by discounted
dry-hydrogen production:

Z Ccaprex,t + Copex ¢
]

> et
- (1+14)

The OpenPyTEA capital-expenditure profile distributes FCI over the construction period according to

Lcop = -t

(B.45)

fearex = [0.30, 0.60, 0.10].

Using Crc1 = 5,302,733 EUR, this corresponds to approximately

CCAPEX,l = 1.591 million EUR, (B46)
Coapex.2 = 3.182 million EUR, (B.47)
CCAPEX73 = 0.530 million EUR. (B48)

Working capital was approximately 0.795 million EUR, introduced and released according to the Open-
PyTEA cash-flow treatment. The production ramp used in the model was

foroa = [0, 0, 0.40, 0.80, 1.00,...,1.00].

At full production, the annual operating cost was approximately

OQPEX,ful] = 0.472 + 0.183 = 0.656 million EURyearfl. (B49)

Application of the complete OpenPyTEA discounted cash-flow calculation gave

LCOPyase = 1.179195 EUR kgyy !, (B.50)

reported as

LCOPyase = 1.179 EUR kgy ! | (B.51)

This value represents only the incremental drying cost. It does not include the upstream cost of pro-
ducing wet hydrogen by electrolysis or the downstream cost of hydrogen distribution.
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B.11. Sensitivity and Monte Carlo Uncertainty Analysis

The deterministic TEA represents one combination of technical and economic assumptions. Structural
scenario checks and a combined technical-economic Monte Carlo analysis were therefore performed
to test the robustness of the result.

B.11.1. Operator-Requirement and Integration Sensitivity

The preliminary automatic OpenPyTEA staffing method produced 13 operators for the stand-alone
representation. Before the final integrated fixed-OPEX boundary was adopted, the effect of reducing
the dedicated operator count was examined while retaining the other default overhead categories. The
resulting LCOP values were approximately:

Table B.8: Diagnostic sensitivity of LCOP to dedicated operator count before integrated-overhead exclusions.

Dedicated operators LCOP (EUR kgﬁi)

13 4.349
8 3.142
5 2.418
3 1.936
1 1.453

This diagnostic showed that the automatic stand-alone staffing assumption was a major structural cost
driver. The final base case therefore combined one allocated FTE with the integrated-boundary treat-
ment of non-incremental fixed OPEX. With the same integrated fixed-OPEX treatment but a 30% OSBL
factor, LCOP was approximately 1.235 EUR kg~!. Reducing OSBL to the final 20% integrated assump-
tion gave the deterministic value of 1.179 EUR kg~!.

B.11.2. Installation-Factor Screening

The final deterministic base case retained 100% of the standard OpenPyTEA installation factors. A diag-
nostic screening calculation was also performed to show the effect of reducing the packaged installation
factors. This sensitivity was not used to select the base case.

Table B.9: Screening sensitivity to the OpenPyTEA installation-factor basis.

Installation-factor basis LCOP (EUR kgﬁi)
100% of OpenPyTEA defaults 1.179195
75% of default auxiliary factors 1.046891
50% of default auxiliary factors 0.914588

The unmodified OpenPyTEA factors were retained in the reported base case to avoid tuning the cost
model solely to obtain a lower LCOP.

B.11.3. Monte Carlo Uncertainty Framework
A combined Monte Carlo analysis was performed using

Nyic = 10000

realisations and a random seed of 42. All uncertain variables were sampled from bounded truncated-
normal distributions. For a generic uncertain variable X,

X ~ TN (i, 0, Xmin, Xmax)- (B.52)

The selected ranges are screening-level uncertainty assumptions. They should not be interpreted as
experimentally measured population standard deviations.
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B.11.4. Economic Uncertainty Inputs

Table B.10: Economic uncertainty assumptions used in the final Monte Carlo analysis.

Parameter Mean Std. dev. Minimum Maximum
CAPEX multiplier 1.00 0.20 0.70 1.50
OSBL factor 0.20 0.05 0.10 0.30
Interest rate 0.09 0.02 0.05 0.13
Project lifetime [yr] 20 5 10 30
Electricity price [EURKWh~!] 0.246 0.04 0.15 0.35
Operator rate [EURh™1] 35.21 7.0 20.0 50.0

The CAPEX multiplier represents uncertainty in the screening-level equipment and installed-capital
estimate. The OSBL factor independently represents uncertainty in the extent of shared off-site infras-
tructure. Interest rate, project lifetime, electricity price and operator rate represent economic scenario
uncertainty.

B.11.5. Technical Uncertainty Inputs

Table B.11: Technical uncertainty assumptions used in the final Monte Carlo analysis.

Parameter Mean Std. dev. Minimum Maximum
Compressor electrical power [kW] 80.9 8.09 64.72 97.08
Regeneration energy [MJcycle~!]  47.13 7.07 32.99 61.27
TSA cycle time [s] 37,500 3,750 30,000 45,000
Dry-H; production rate [kgh—1] 151.3 7.565 136.17 166.43

The compressor-power and cycle-time standard deviations correspond to approximately 10% of their
base values, the regeneration-energy standard deviation to approximately 15%, and the dry-hydrogen
production-rate standard deviation to approximately 5%.

For each realisation, compressor power changed annual compressor electricity, while sampled regen-
eration energy and cycle time changed heater electricity:

Ecomp,d = Pcomp(24)7 (853)

Qregen H»> 86400
Eheater,d = ) Npeas- B.54
heaterd nheater(g-G) tcycle bed ( )

The sampled dry-hydrogen production rate changed the annual product quantity:

mHg,annual = mH2 (24) (365) (B55)

Each sampled project lifetime was evaluated over its corresponding discounted cash-flow horizon be-
fore the LCOP samples were recombined.

B.11.6. Final Monte Carlo Distribution
The final 10 000-realisation combined technical-economic Monte Carlo analysis produced the distribu-
tion summarised in Table B.12.
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Table B.12: Detailed summary of the final Monte Carlo LCOP distribution.

Statistic LCOP (EUR kg;li)
Mean 1.232123
Standard deviation 0.225117
Median 1.210976
2.5th percentile 0.852060
5th percentile 0.900895
95th percentile 1.635754
97.5th percentile 1.722989

The central 95% uncertainty interval was therefore

0.852 < LCOP < 1.723 EURkgy! | (B.56)

The deterministic LCOP was 1.179195 EUR kgj; !, while the Monte Carlo median was 1.210976 EUR kgj; .
The slightly larger Monte Carlo mean and median reflect the nonlinear propagation of the uncertain eco-
nomic and technical inputs through the discounted cost model.

B.11.7. Spearman Rank Sensitivity Analysis
The relative importance of the uncertain inputs was quantified using the Spearman rank correlation
coefficient,

ps = corr[rank(X), rank(LCOP)]. (B.57)

The final coefficients are listed in Table B.13.

Table B.13: Spearman rank correlation coefficients for the final combined technical-economic uncertainty analysis.

Parameter ps Absolute p,
CAPEX multiplier 0.692790 0.692790
Interest rate 0.478748 0.478748
Project lifetime -0.339479 0.339479
Dry-H, production rate -0.239729 0.239729
Operator hourly rate 0.104630 0.104630
OSBL factor 0.102938 0.102938
Electricity price 0.093539 0.093539
Compressor electrical power  0.048131 0.048131
Regeneration energy 0.015431 0.015431
TSA cycle time 0.006300 0.006300

The CAPEX multiplier showed the strongest positive relationship with LCOP, followed by the interest
rate. Project lifetime and dry-hydrogen production rate showed negative correlations because a longer
operating period and a higher production rate distribute the capital and operating costs over more
product. Operator rate and OSBL had smaller but still visible effects. The technical electricity-related
variables were comparatively weak within the selected uncertainty ranges, particularly regeneration
energy and cycle time.
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