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L Scope of the thesis J

Depletion of fossil resources over the last fewadies, the increasing price of crude oil, the rapid
increase of identified methane reserves, and emviemtal concerns have spurred a world-wide
interest in practical applications of Fischer-Trdpsynthesis (FTS)-related technologies. Different
types of fossil- and renewable-based feedstockdearonverted into industrially relevant chemicals
such as lower olefins and alcohols as well as wliean liquid fuels through the FTS reaction. The
latter case is already commercializéd the so-called low-temperature Fischer-Tropsch higgth-
temperature Fischer-Tropsch processes, using syngature of CO and b) as feed. However, these
technologies are economically feasible only at darge scales and therefore, process intensificatio
is needed in applications with limited (and scaiti@ravailability of feedstocke(g., biomass) and/or
space €.9., offshore associated petroleum gas).

In the state of the art gas-to-liquid process, Fd&tors are followed by separate product upgrading
units for hydrocracking and/or isomerization of Fhg§drocarbons. As a way to attain the above-
mentioned process intensification, design and agweént of catalyst formulations that maximize the
direct production of liquid fuels (desired prodychksyy combining FTS, hydrocarbon cracking, and
isomerization into one single catalyst particldubctional FTS catalyst) are investigated in thissis,
through eight chapters:

In Chapter 1, the aim and approaches of this research areantmeduced in more detail.
Challenges are described and recent advanceg@secin open literature, are critically reviewed.

In Chapter 2 design and operation of a ‘six-flow’ lab-scale gaoent that was constructed (as part
of this PhD project) for FTS experimentation is derstrated.

To proceed with the research objective, combinatddncobalt FTS active phase and acid
functionality of H-ZSM-5 zeolite is explored @hapter 3, via two different catalyst configurations:
(i) H-ZSM-5 as catalytic coating on Co and H-ZSM-5 as catalytic support for Co. The latter i
studied comprehensively in Chapters 4 to 7.

Mesoporous H-ZSM-5 is introduced as carrier foriaged FTS catalysts @hapter 4. Synthesis
optimization of this catalyst support for applicais in bifunctional FTS is described extensively in
Chapter 5. A large number of prepared reference samplestzeacterized thoroughly by advanced
techniques and their catalytic performance is a&sksn detail in Chapters 5 and 6, where a

relationship is drawn between structural charasties of Co (when supported on the zeolite) and its
1



FTS activity and selectivity. Moreover, promotiohzeolite-supported Co-catalysts by noble and non-
noble materials is studied @hapter 6.

Application of alternative hierarchical zeolite tdpgies, in the context of bifunctionality, is
explored inChapter 7 where the effect of zeolite structure and acidity the performance of the
bifunctional catalysts is studied. Finally, the mleconclusions and outlook of this thesis work ar
summarized irChapter 8.

Since all the Chapters (except ‘Summary and outjaaie adapted from published articles, some
duplication is unavoidable. The Chapters can tleeefbe read independently. Supplementary

information accompanying Chapters 2—7 is preseintégpendix A—F.
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Abstract: The combination of acidic zeolites and FischerpBah synthesis (FTS) catalysts for one-
step production of liquid fuels from syngas isicatly reviewed. Bifunctional systems are classifie
by the proximity between FTS and acid functionaiton three levels: reactor, catalyst particle, and
active phase. A thorough analysis of the publiditethture on this topic reveals that efficiencythe
production of liquid fuels correlates well with theoximity of FTS and acid sites.

Moreover, possible side reactions over the FTS Inmataluding direct CO hydrogenation and
hydrocarbon hydrogenolysis, are addressed. Theilbotibon of these side reactions should carefully
be considered and separated from that of the eefiiction when evaluating the performance and

product spectrum of zeolite-containing catalysts.




Catalysis Engineering of bifunctional solids

1.1. Introduction

Due to their high volumetric and reasonable massggndensities and low cost/price, gasoline and
diesel are the preferred transportation fuels. at dthese liquid fuels are being mainly produced i
conventional refineries from crude oil. Depletioh metroleum and environmental concerns have
driven a worldwide research on alternative proce$sethe production of energy carriers. Among the
various possibilities and chemical conversion reutg/ngas (a mixture of CO and)Hroduction
followed by Fischer-Tropsch synthesis (FTS) holdspses for extensive implementation in the near
future. This is due to the maturity of both teclugpés in addition to abundance of alternative
resources such as natural gas, coal, and biomadbeFmore, the dependency on centralized fossil-
based reservoirs may be relaxed if globally disgeraw materials can be utilized as feedstock.

When producing liquid fuels by the state of thegas-to-liquid (GTL) processes, low-temperature
Fischer-Tropsch (LTFT) reactors are operated ah leigain growth probability conditions at which
heavy paraffinic hydrocarbons (wax) are produceith Wigh selectivities. Waxes are subsequently fed
to hydrocrackers and converted to the desired tctiteobarrel [1]. Lower hydrocarbon chain growths
are expected in processes based on high-tempefasateer-Tropsch (HTFT) for gasoline production
[2]. Nevertheless, hydrocarbon conversion reactiomsluding hydroisomerization, are required to
upgrade the octane number of the FTS-based gasoline

Practical feasibility of the conventional GTL shdudenefit from the so-called ‘economy of scale’
[3]. However, process intensification is esserttamake use of feedstocks with limited and scattere
availability (e.g., renewables) or associated petroleum gas on o#siptatforms. The current
importance of intensified GTL technologies is ithased by the number of academic research groups
and companies such as CompactGTL [4], Velocys 48 Chevron [6], currently involved in this
research. Yet, it should be stressed that effortetelop intensified GTL processes do not necigsar
aim to substitute the state of the art, alreadynaped for large scale applications, but are resperio
the availability of alternative feedstocks.

From the catalysis engineering prospect, runningersg reactions by coupling two or more
functionalities in a single catalyst particle iswall-known and attractive approach, such as in
hydroisomerization. First examples describing theorporation of additional functionalities in FTS,
including water-gas-shift (WGS) and acidity, haweeb reported more than two decades ago [7-9].
The former is intrinsically present in Fe-based FE®alysts or alternatively can be introduced by
addition of a dedicated component such as Cu-ba&e8 catalysts [9]. If HCO ratio is smaller than
the reaction stoichiometryi.¢., H/CO = 2), a high CO conversion may only be achievwed
combination with a reasonable extentiofsitu WGS. On the other hand, intraparticle/€O ratios

stay closer to the optimal stoichiometric value fegding B deficient syngas, due to the higher
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Chapter 1

diffusivity of H, [10]. Therefore, WGS functionality is of high inp@nce, especially when coal or
biomass are used as syngas sources wit®iratios around unity [11].

Other active sites have been introduced to addfaaictionality to the catalyst. This aims to couple
FTS to either etherification [12] or acid-catalyzégdrocarbon upgradingvi@ (hydro)cracking,
(hydro)isomerizationetc.). The latter is the subject of this report. Whalenost a century of literature
is available on FTS catalysts, still new reviewslate the recent advances and findings on this topic
[11, 13-20]. This contribution is confined to thecent open literature on zeolite-based bifunctional
catalyst systems. The possible acid-catalyzed icgecthat are likely to occur under FTS conditions
are discussed first and their feasibility is asségSection 1.2). Following, the possible side tieas
at the metal sites, resulting from their interactioith the zeolite, are addressed. These sideioaact
are consequences of the combination of functigaalitwhich may affect or alter the product
distribution (Section 1.3). On these grounds, thmlination of FTS and acid functionalities and ithei
cooperative catalytic performances are discusseltiail as a function of the proximity between both

phases, namely on the reactor, catalyst partiolt aative phase levels (Section 1.4).

1.2. Relevant acid/zeolite catalyzed reactions

The idea behind the combination of FTS and acidtfanalities is the direct production of liquid
hydrocarbons from syngaga consecutive CO polymerization and hydrocrackimgthis Section, the
feasibility of hydrocracking and other acid-catagizreactions, likely to occur over bifunctional
catalysts, under FTS conditions is discussed.

1.2.1. Hydrocracking

Hydrocracking, catalytic cracking, and thermal &rag are the most important types of cracking.
The former two proceed in the presence of a sdatdlgst and their main difference is Eb-feed in
the case of hydrocracking. Fluidized catalytic knag or FCC is a well-known cracking process
where no His co-fed to the reactor, operated at 753-823 ke @f the most important components of
FCC catalysts is an acidic zeolite. Hydrocrackerdhe other hand, are operated in the temperature
range of 623-713 K [2]. At such lower temperaturasprporation of a (de)hydrogenation function
into the catalyst formulation, besides the acidiythe key to enhance catalyst activity and stgbil
Conventionally, the (de)hydrogenation functionngraduced by a metal, supported on the solid acid
catalyst (Table 1).

Hydrocracking catalysts are similar as those ofrbigdmerization in the sense that they both
contain (de)hydrogenation and acid functionalitielsis is due to the fact that reaction intermediate

are similar in both reactions: the formation ofak@d products is preceded by an isomerization step.
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Catalysis Engineering of bifunctional solids

Tablel Various (de)hydrogenation and acid functions of rbgdacking catalysts. Reproduced from

referencg21].
Hydrogenation function (metal)  Acid function (sapf)
Ni/Mo AlLO,
Increasing Ni/W Al;Oz/halogen Increasing
hydrogenation l Pt/Pd SiQ/AI;,05 l acidity
Zeolites

low sulfur conditions

The hydrocracking reaction mechanism is schemétidhlstrated in Figure 1 for a representative

hydrocarbon. The reaction is initiated by formatadra carbocation. In case of olefins, the carbooat
can readily be formeda addition of a proton, supplied by Brgnsted acidssiOtherwise, in the case
of saturated hydrocarbons, a dehydrogenation s$tepld precede. Alternatively the olefin may form
by abstraction of a hydride ion from the hydrocarb®he hydride ion can be accepted by the acid
catalyst and be combined with a proton to form e H, [22].
Before C—C scission, the carbocation undergoegttesomerization to form an iso-carbocation. This
proceeds through a secondary carbocation rearragenmost probablyvia a protonated
dialkylcyclopropane (Figure 1) for hydrocarbons taiming five or more carbon atoms. For C4
hydrocarbons, formation of protonated dialkylcyclomane is energetically unfavorable since it would
call for a primary carbocation as intermediate [23]

The next mechanistic step of hydrocracking is smis®f the C-C bond at th@ position of the

positively charged carbon atoiffrg§cission) to form a lighter alkene and a tighcarbocation. The

H, H* PTG
R/\/\/\R T R/\/\/\R' T R + R
) -
metal acid “
R /WR-
protonated dialkylcyclopropane
R' +H* R

- \ )\/ )\/\/
2 R R
/ R+ AN R
J\ — /K
S Sl B-scission
R *+Ha R

metal

Figurel. Hydrocracking reaction mechanism for a represemdtydrocarbon.
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A(n=8) B1(n=7)

R/{\/‘*/LR, . R)+\ + /l\R, R/&\”‘/NR, - RJ+\ + AR
B2(n=7) C(n=6)

BN U B U VG S
D (n=5)

NN - i+ P

Figure2. Examples of different types @fscission, imposed to different carbocation intatiates.n: carbon
number.

latter may go through a further sequence of reastas described above or it may be converted to an
alkene upon proton abstraction by the acid catafysially, the olefinic products may adsorb on a
metal site and become hydrogenated.

Five types off-scission can be distinguished with respect to dtability of the carbocations
involved (Figure 2) for which the relative reactiates obey the following order: A >> B1B2 > C
>>> D [24]. A ‘fast’ hydrocracking occurs once tiwydrocarbon has been hydroisomerized and
subsequent branching in the chain leads to fakigbbcracking. Among the different acid supports
employed in hydrocracking catalysts (Table 1), itesloffer a high stability as well as shape
selectivity. Inside shape selective zeolites sushiZ8M-5, the branched reaction intermediates are
blocked where they undergo successive isomerizateEws and rapid cracking [25].

The above-mentioned reaction steps for hydrocrgckime based on a monomolecular mechanism.
In the so-called bimolecular mechanism [26-28],adkkene is protonated by the Brgnsted acid and
forms a dimer with another olefinic hydrocarbongfifie 3). This oligomerization process may
continue and depending on the position of the dobioind and the positively charged carbon on the
chain, branched carbocations may be produced. @H®cations may further return a proton to the
acid catalyst to form an olefin (which is largeaihthe starting molecules) or they may crack. The
bimolecular mechanism seems more feasible than ptletonated cyclopropane formation for
hydroisomerization and/or hydrocracking of smiaidrocarbons (such as C4) that would requir

TN+ AN Ny — RA)\/W\R,

Figure3. Dimerization of a carbenium ion and an alkene.
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Catalysis Engineering of bifunctional solids

pentacoordinate a-scission
H H H
+ H H
+H o o
)%\ . =—= R\ - = R-é TN
R ::- R H R' R'
H

Figure4. Catalytic cracking by protonation of an alkanedo a pentacoordinated carbocation followed by
a-scission (protolysis). Reproduced from referef@]e

primary carbocation intermediates through the fatiate [29, 30].

In the absence of a (de)hydrogenation functionalgych as in FCC catalysts), hydrogen is
transferred from the hydrocarbon feed to the cataburface and distributed over the adsorbed
hydrocarbon species. This enriches the H/C ratia folction of components (usually the lighter gnes
while reducing that of the others (usually the heawnes) and thus carbon is rejected in the fofm o
coke on the catalyst surface [31]. In this casetgmordinated structures (Figure 4) are formed by
direct protonation of the paraffins which can cratk: position of the positively charged carban (
scission, protolysis). Once significant concentradi of alkenes are created, cracking through the
aforementioned mechanism(s) apdcission may follow. Products efscission include those that
require primary carbocation intermediates if tddoenedvia p-scission [32].

Technology selection for FTS product upgradimi@ cracking is based on the following
considerations: FTS hydrocarbons are in principfelrbgen rich. Therefore, a carbon rejection
strategy such as that in FCC is not essentialpadth applicable [33, 34]. In addition, the abseote
contaminants like sulfur in FTS wax allows crackimgder mild conditions and high partial pressures
of hydrogen are not necessary (see below), thusoggd addition to the process would not become
costly. On these grounds, hydrocrackers are thedatd units for conversion of LTFT heavy
hydrocarbons to liquid fuels [1]. Both process aradalysts involved are designed as such to be
selective to the target hydrocarbon range (coneeatiy to middle distillates) and minimize over-
cracking of the desired products. Further, theyogtémized for production of branched hydrocarbons
to improve the cold flow properties in case of dles octane number for gasoline-range hydrocarbons
[35].

As compared with the refinery hydrocrackers, thasiés are operated at much milder conditions in
terms of temperature, pressure, anfféed ratio in the case of FTS wax hydrocrackingisTs due to
the high reactivity of heavy paraffinic moleculeshydrocracking, plus the absence of strong cdtalys
poisons, such as sulfur and nitrogen containingpmamds, in FTS wax. The involved catalysts are
typically less acidic as well [36].

A bifunctional FTS catalyst should be capable dalgaing hydrocracking along with FTS at the
process conditions of the latter. Although thiBristed to speculation in many related repottsere
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40 538 K
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30 - 523 K
4 503 K
N .
g 201 . \ ,
10 o
0 ;J T T v T - T : ‘.‘ﬂa‘-—"‘“—l
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n

Figure5. Product distribution ofh-hexadecane hydrocracking over Pt containing H-ZBKBi/Al =~ 16)
extrudates (including AD; as binder) at different temperatures. In additom-C16 SV.ci1s =
0.08-0.1 H), the feed included 3} (SVipo = 0.25-0.3 H) and syngas with the composition
N5:H2:CO = 50:33:16 GHSV.s = 3600-3800 I'1.o h™). n-C16 conversion is 33%, 83%, and 100%
at 503 K, 523 K, and 538 K, respectivel37]

are crystal clear indications that H-ZSM-5 satistieis objective for the cracking functionality [34]
(see Figure 5).

In model reactions, Martinea al. [38] showed thah-hexadecane conversion drops rapidly from
80% to zero over H-ZSM-5 (Si/Al = 15) in 1 h, rediass of co-feeding H However, a stable
conversion level of 80% was measured once the $&B8M-5 was physically mixed with equal
mass of Co/Si@ Since hardly any C1 was found in the reactiordpots, this stability improvement
was attributed to the (de)hydrogenation activityGaf. In fact, reduced (non-sulfided) Co-containing
catalysts have been explored for FTS wax hydroangokisewhere [45].

A challenge that the hydrocracking component hagetd with under FTS reaction conditions is the
presence of CO and.B. While the former may disturb the (de)hydrogesratiunctionality, HO
affects the acid-catalyzed reactions. Although IetaleC16 conversion over H-ZSM-5 halved upon
H,O addition to the feed stream [38]. The negatiiectfof CO and HO addition onn-dodecane
hydroconversion was demonstrated over Ni/H-ZSM-BA(S= 66) extrudates (including AD; as
binder) [41]. The choice of Ni as the (de)hydrodemafunction was on the basis that it is less
sensitive than Pt to the presence of CO. An alrB6%tn-C12 conversion drops tta. 5% at 493 K
after CO and KD are co-fed in order to simulate an FTS envirortmdowever, the conversion level
can be increased t@. 80% by raising the reaction temperature to 533 tis n-C12 conversion was
reasonably stable up to 70 h on-stream.

Since unsaturated hydrocarbons (mainhplefins) are FTS primary products, they can be

protonated directly by the acid catalyst ewvenabsence of a (de)hydrogenation functiohisTis
10
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100

1 Catalyst =~ Feed
90 A

2 mesoH-ZSM-5 1-hexene
B CoRu/mesoH-ZSM-5 n-hexane

80:
70
60:
50
40:

X1%&S/%

30 A
20 -
10 A

XCG C4 C5 isoC6

Figure6. Conversion and product selectivities in C6 hydramweion over a mesoporous H-ZSM-5
(mesoH-ZSM-5) and 20 wt% Co-0.3 wt% RuésoH-ZSM-5. Data were collected after 20 h on-
stream at 513 K, 15 bar total pressur@d8 = 9.0, N/H, = 2.0, andSV = 13 moks kg’ca b
Either n-hexane or 1-hexene was used, as indicated inetjentl.[46] Note that hydrocarbons
larger than C6 were also formed owaasoH-ZSM-5 which were not specified.

confirmed by results obtained in bifunctional réactsystems consisting of a catalyst bed of acid
zeolite downstream that of an FTS catalyst bed &&stion 1.4.1). Sartigt al. [47] observed C7-C9
hydrocarbon formation along with C3—-C5 during C@limgonversion over a mesoporous H-ZSM-5
catalyst at FTS process conditions. This obsemagoints at the importance of the bimolecular
mechanism during bifunctional FTS, as also sugdebie others [8]. C6 conversion considerably
increases from 4 to 96% over mesoporous H-ZSM-BA(Si 40) by switching the reactant from
hexane to 1-hexene (Figure 6) [46]. Addition ofya@ilogenation metal to the acid component in this
case enhances the formations of isoparaffins [8044].

It is noteworthy that no C1 was observed in thedpob spectrum of mono-functional H-ZSM-5
catalysts. This result excludes the protolysis rma@m (i-scission) and rules out the acid-catalyzed
reactions as origin of methane production durinfyrfmtional FTS. A Co-containing catalyst may
produce significant amounts of C1 through hydrocarbhydrogenolysis (see Figure 6 and Section
1.3.2) while the selectivity to this product is lcever Pt-containing hydrocracking catalysts (see
Figure 5).

Among zeolites H-ZSM-5 (Si/Ak 16), H-Beta (Si/Al= 13), and H-Y (Si/Al= 3), the first one
shows the highest activity in-C6 cracking followed by H-Beta and H-Y. The lattisplayed the
highest selectivity to C6 isomers [37]. A more rgceork [43] demonstrates that only strong acid
sites, active for hydrocracking at the operatinggerature window of cobalt-based FTS catalysts,

give rise to deviations from a conventional ASFdua distribution (see also Section 1.4.2).
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1.2.2. Other acid-catalyzed reactions of importance under FTS conditions

Besides hydrocracking, an acidic zeolite may cawlyther reactions, including (but not limited to)
hydroisomerization, oligomerization, aromatizatiaicohol dehydratiorgtc. As explained in Section
1.2.1, hydroisomerization and oligomerization intediates are already involved in the hydrocracking
mechanism. Thus, products of both reactions areagd during bifunctional FTS. Hydrocarbons up
to C13 are formed through oligomerization reactifsom a mixture of ethene and propene over Pt/H-
ZSM-5 and Pt/H-Beta, regardless of syngas additibhe major products are mono-branched
hydrocarbons in C5-C9 range while Pt/H-ZSM-5 is enactive than Pt/H-Beta [40]. The significant
oligomerization activity of H-ZSM-5 reduces the guation of lower olefins when this zeolite is
added to the FTS catalyst, whereas this effeass for H-Beta and H-MOR [50] and is not observed
for mixtures containing MCM-22, ITQ-2, and ITQ-221]]. The C2—C4 range olefin to paraffin ratio
decreases with a decrease in Si/Al ratio of H-ZSMvBen physically mixed with a Fe-based FTS
catalyst [52], which further highlights the occurce of olefin oligomerization over this zeolite in
bifunctional FTS.

In principle, zeolites having more acid sites ofdmen strength show higher isomerization activity,
whereas stronger acid sites catalyze crackinglf2line with this general statement, mesoporous H-
ZSM-5 (Si/Al = 40) was compared with H-ITQ-2 (Si/Al 40) and mesoporous H-USY (Si/Al40)
for the effect of their acid strength and densitycatalytic performance [43]. While the former slsow
activity in n-C6 hydrocracking, H-ITQ-2, having even a highensity of weaker acid sites, catalyzes
only the isomerization reaction and mesoporous H-U&as inactive under the applied process
conditions. Both mesoporous H-ZSM-5 and H-ITQ-2muped Co-catalysts yield a similar ratio of
iso- to n-C4 in FTS, but the former is considerably moreestde to the C5-C11 fraction due to
cracking of large FTS hydrocarbons, resulting inoa-ASF product distribution (Figure 7). Further
comparing the product slate of Co supported onttinee above-mentioned zeolites, revealed that
hydrocarbon isomerization alone is not enough &l Il non-ASF catalytic behavior [43]. It was
concluded that an outstanding isomerization agtiviight only decrease the chain growth probability
(Figure 7), since branched hydrocarbons may ndicgzate in chain propagation as effectively as
linear ones.

At low temperatures, hydrocracking catalysts effety catalyze the hydroisomerization reaction.
The extent of hydrocracking relative to hydroisomration can be tuned by adapting the process
conditions, acid strength, and the ratio betweemalhend acid sites in a catalyst. At temperatures
below 523 K, hydroisomerization of 1-octene ovefHPZISM-5 (Si/Al = 32) dominates over
hydrocracking in the presence of CO. The contraigdat higher temperatures and/or in absence of

CO [40]. Process temperatures of LTFT favor rbigbmerization and oligomerization rather than

12
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1.E-01
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Figure7. Molar fractional distribution of FTS products aftetO h on-stream at 513 K, 15 bar total pressure,
feed composition WCO = 1, andGHSV = 12 miste kg'ea: h*. CoimesoH-ZSM-5: mesoporous
H-ZSM-5-supported Co; CoksoH-USY: mesoporous H-USY-supported Co. Co loadings a
about 20 wt%[43]

hydrocracking over H-ZSM-5 catalysts. Oligomeriaatiof lower olefins followed by the limited
growth of branched hydrocarbons (that are produmgdydroisomerization, oligomerization, and
hydrocracking) effectively stops the chain propamgaat around C10 while the large hydrocarbons are
very reactive to hydrocracking [53]. This may explahy most of the reported bifunctional catalysts,
operated at LTFT conditions, are selective towgasoline-range hydrocarbons rather than the diesel
range (which is the desired product of the coneerali two-steps LTFT and hydrocracking process).
On the other hand, HTFT conditions are typicallgaasated with low chain growth probabilities
and targets gasoline-range hydrocarbons, lowemslednd oxygenates. Consistent results show that
FTS oxygenates are dehydrated by zeolites in hilomal systems [54-56]. As long as liquid fuels are
targeted, HTFT is followed by isomerization andorefing units to improve the octane number of the
produced gasoline. Bifunctional catalysts that amnzeolites are reported to produce notable ansount
of aromatic compounds [51, 57-59] and olefins, Wwhassentially can improve the octane number.
However, a high production of aromatics may resulsevere deactivation of the acid catalyst (see

Section 1.5). Formation of aromatics may becomdlsnet lower operating temperatures [46].

1.3. Sidereactions at the metal sites

The main function of metal sites with respect te thresent application is FT$e, chain
propagation €.g., via CO insertion) and hydrogenation. In the currenitest, FTS performance in
combination with acid functionality is included 8ection 1.4, while two important side reactions are
described in this part.
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1.3.1. Hydrogenation

Cd’ is the FTS active phase in Co-based catalystseskerarbides form over Ha an early stage
of the FTS reaction or during the catalyst actoratoy means of CO. These carbon containing species
are believed to effectively catalyze FTS rathemthaetallic Fe [60]. In parallel, hydrogenation is
anticipated over both Co- and Fe-based catalystaddlition to saturation of olefinic hydrocarbons,
this reaction directly converts CO into methanguFe 8 shows that, as compared with a Fe-catalyst
and in spite of a lower reaction temperature, tlethame level is higher than what is anticipated by
extrapolating the ASF distribution to= 1 over a Co-catalyst. This is due to the highgtrogenation
activity of Co in comparison with Fe, which makésstside reaction more important over the former.
Therefore, Co FTS catalysts are known to be mansithee than Fe-based catalysts to changes;in H
concentration and/or process temperature [61, 62].

De Jonget al. [63] showed that methane selectivity through C@rbgenation sharply increases as
Co particle size becomes smaller than 6—-10 nm,ewfoit larger sizes the reaction is not structure
sensitive. The density of lower index surface @aWsgraphic planes or steps and corners increases a
particle size decreases [64]. The higher methaleetsaty of small particles is mainly brought aliou
by their higher hydrogen coverage [65] and the hagtivity of low coordination sites, residing at
corners and edges [66].

As compared with conventional catalysts, more loggmeous Co sites are found when supported
on a zeolitevia impregnation [44, 46]. For example, infrared (Bpectra of pre-adsorbed CO (Figure
9) shows that low frequency bands at 1988—2026% ara clearly detected over an H-ZSM-5-suppored
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Figure8. Molar fractional distribution of FTS products o\29 wt% Co/SiQ and a bulk Fe-catalyst after 5 h
on-stream. Experiments were performed at 15 bal mwessure, feed composition/B80 = 1,
513 K and 523 K for Co/SiQand bulk Fe, respectivelGHSV / mPsrp kgea it = 12 and 24 for
Co/SiG and bulk Fe, respectively.
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Co while these bands are less pronounced over Go/Siuch IR bands are assigned to linearly
adsorbed CO on Caenters of lower coordination that are more lotaie open low-index surface
crystallographic planes or steps and corners [§7B%refore, direct CO hydrogenation (CO +,3H
— CHy; + HO) partly explains the relatively high methane ptn over zeolite-supported Co-
catalysts (even in absence of Brgnsted acidity)camdbe rationalized on the basis of the stronglinet
support interaction on the structured aluminosiédd4, 46].

Due to their lower intrinsic activity, relativelydh reaction temperatures are employed for Fe-base
catalysts even in LTFT applications. Higher reattemperatures will lead to a decrease in FTS chain
growth probability and thus higher production of thame through FTS. In spite of this, the C1

selectivity is almost similar over both Si@nd zeolite-supported Fe-catalysts [70]. In saroeasions,

Co/mesoH-ZSM-5

asealoul |

ColSio,

IR
e
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9sealdul |

Figure9. IR spectra of pre-adsorbed CO on Co/S{fbttom data set) and mesoporous H-ZSM-5-supported
Co (ComesoH-ZSM-5, top data set). In each data set, the teabye is increased in a DRIFTS
cell to 373, 423, 473, and 513 K, respectively,oading to the arrows. Co loadings are about
10 wt%.
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it is claimed that H-ZSM-5 would even enhance threniation of the active carbide phase and improve

the catalyst performance [71].

1.3.2. Hydrogenolysis

Other than hydrogenation, a hydrocarbon may underguy types of reactions over metals, namely
hydrogenolysis, isomerization, dehydrocyclizatiangd aromatization [72]. Except for hydrogenolysis,
most of these reactions do not occur in the FTSti@a environment as evidenced by negligible
presence of branched, cyclic, and aromatic hydbmees in conventional FTS products. It should be
noted that in bifunctional catalysts, some of thewe-mentioned reactions become important over
acid sites, as already discussed in Section 1.2.

Hydrogenolysis is an exothermal reaction, catalyagdjroup VIII metals (including Ru, Co, Fe,
and Ni). This reaction proceedda formation of adsorbed hydrocarbon radicals as ti@ac
intermediates followed by C-C scission. In contréast hydrocracking, the adsorbed radical
intermediate mechanism results in low isomerizaictivity and therefore unbranched products [45].

Different mechanisms have been proposed for hyamgsis of saturated hydrocarbons. In all
cases the reaction is initiated by dehydrogenathamisorption of the hydrocarbon [73, 74]. As first
example, ethane hydrogenolysis proceeids 1,2-adsorbed intermediates followed by a series of

elementary steps that lead to formation of hydradgficient surface species [75].
C.Hs Uy CHs(ads) + H(ads)Z B CoHy(ads) +aH, (@= (6 -x) / 2) (1)

CoHy(ads) + H O . adsorbed C1 fragments 31— CH, 2)

C-C scission results from the reaction betweenattsorbed intermediate ang,Hbeing the rate
determining step [73]. As the ratio of dehydrogerato-hydrogenolysis activity of a metal incregses
lower x values (reaction (1)) are expected. Thus, valded and 2 are reported for Co and Ni,
respectively [76]. It is noteworthy thablgressure has a strong inverse effect on the oeacdies over
most group VIII metals except for Fe and Re. Thas tbeen explained by a decrease in the
concentration of gHy(ads) with increasing Horessure [73]. The specific activity of group Mthletals
for ethane hydrogenolysis follows the following erd77]: Os >Ru >Ni > Rh > Ir > Re >Co > Fe >
Cu > Pt= Pd, while for propane Co shows a higher actinignt Ni [78].

The rate of hydrogenolysis increases with the garbgnber of alkanes which is attributed to lower
average dissociation energies of C—C bonds in dangalecules [79]. As an example;heptane
hydrogenolysis is several orders of magnitude fdaken that of ethane at 478 K [76].

Alternatively, Anderson and Avery proposed 1,3-aded intermediates for isomerization and
hydrogenolysis of simple aliphatic hydrocarbongéarthan C2. In this scheme, one carbon atom is

doubly bonded to a surface metal atom (Figl@¢ [80]. If the C—metal double bond icdted
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Figure10. Structure of adsorbewheptane intermediates formed on metpi9)]

primarily at the terminal C atom, and assuming that C—C bond adjacent to the C—metal double
bond cracks preferentially, then methane will keertrain product of hydrogenolysis.

The distribution of primary hydrogenolysis produckspends on the metal. On Ni, the reaction
scheme involves successive demethylation at tetr@n& bonds of the hydrocarbon chain which lead
to formation of C1 fragments that are hydrogenatedorm methane [45, 81]. This scheme also
applies reasonably well to Co, but not to Fe [Fhlis explains the significant amounts of C1 and C2,
reported over hydrocracking catalysts that contiar Co as the (de)hydrogenation function [35].

In contrast, a nonselective rupture of differenCdsonds is reported over Pt-containing catalysts.
For n-heptane, hydrogenolysis was the predominant macin all the metals of group VIl except Pt,
on which extensive isomerization and dehydrocytilima were also observed [82]. The lower
hydrogenolysis activity of noble metals, as comgarith very active hydrogenation metals such as
Ni, makes them the preferred choice for (de)hydnagen functionality when employed in
hydrocracking and hydroisomerization catalysts.

Some reports speculate that hydrogenolysis mayt@duethane production over bifunctional FTS
catalysts [8, 44, 77]. Related literature on thépert is not clear and even controversial in some
occasionsn-hexadecane hardly showed any conversion over Opi523 K (H/n-C16 = 2.9, N/n-
C16 = 4.4) [38]. In another work howeven. 25% n-hexane conversion is reported over CotSaD
493 K where C1 was dominantly produced,/(HC6 = 9.0, N/n-C6 = 2.0) [44]. Under similar
conditions, Co/H-ZSM-5 was more than 50% selectowgards methane while no C1 was detected
over H-ZSM-5. Then-C6 conversion over Co/H-ZSM-5 and H-ZSM-5 was 8d 43%, respectively
[44]. Accordingly, zeolite-supported Co-catalystsatt contain a large fraction of coordinatively
unsaturated Co sites are more active than Ce/Bi@-C6 hydrogenolysis [44, 46]. This reaction is
known to be structure sensitive am@®Fs often vary with particle size. Nevertheless, ¢hex no
consistency in literature on the type of such ddpene [83]. In any case due to competitive CO
adsorption under FTS reaction conditions, hydrofysmis not expected to occur to such an extent as
in absence of CO. Including propane in a syngas f#id not significantly change the methane
selectivity, and ethylene and propylene additiorreveduced this value [77], probably due to

reinsertion and scavenging of C1 surface specigshér investigations.g., via labeling the reactant

17



Chapter 1

molecules, are required in order to (completelyWaiinthe extent of hydrocarbon hydrogenolysis as

side reaction during FTS.

1.4. Zeolite-containing FT S systems

From the perspective of Catalysis Engineering [8dhfee different process levels can be
distinguished in bifunctional FTS catalysts baseditte state and extent of the contact between the
acidic and FTS function: the reactor level, thalyat particle level and the catalyst active pHasel.
These three levels are thoroughly discussed inSbgcion.

1.4.1. Reactor level

Two different configurations can be distinguishediterature for combination of zeolites and FTS
metals (Co and Fe) at the reactor level: separatieia layer beds, containing the zeolite downstrea
of the FTS catalyst (denoted as ‘2BED’), and singiged beds containing a homogeneous physical
mixture of the two catalysts (denoted as ‘1BED’'|g(ffe 11). Both catalyst beds can be operated at a
similar temperature, which is in the limit of eitheTFT or HTFT conditions. Applications with a
higher temperature at the zeolite bed region, clésethat of hydrocrackers, or even dual reactor
systems have also been reported [85, 86]. Suchuisyesemble the two steps processes (such as in
the Shell SMDS [1]) and are not discussed in tbigtext. 1BED systems may be considered as at the
border between the reactor and catalyst partickelseand their related discussions are divided
between Sections 1.4.1 and 1.4.2.

Both Fe- and Co-based FTS have been studied inth@bove-mentioned configurations (2BED
and 1BED). Severe alkali migration from the alk@dmoted Fe-containing catalysts to H-ZSM-5 is
reported for 1BED during the course of reaction, [59]. As the result, a decline in FTS activity [59
and a considerable selectivity shift towards lowaiue light paraffins (including C1) [57] make the
1BED configuration less attractive than the 2BED.cbntrast, higher CO conversions and C5-C11
selectivity were obtained in 1BED when a La-pronddte was studied [55].

The improved performance of 1BED over 2BED systems$erms of increased selectivities to
gasoline-range hydrocarbons is in line with resudfrted for Co-based catalysts [40, 41, 54]. Soha
et al. [40, 41] reveal that under the applied procesditmms, the C10—-C20 molar fraction may be
larger in the 2BED configuration than in the 1BBihile both systems represent similar fractions of
liquid hydrocarbons (C5-C20) [40]. In any case, ttRED operation leads to more branched
hydrocarbons [40, 41, 54], pointing to an enhancendtribution of acid-catalyzed reactions in the
latter.

Many reports indicate that the C1 selectivity irases as the bed configuration changes from 2BED
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Figure1ll. Schematic representation of different configuratitimat zeolite and FTS phases may have with
respect to one another in bifunctional systemsmFleft to right: separate or dual layer beds,
containing the zeolite downstream the FTS cata{(8ED), single mixed bed containing a
homogeneous physical mixture of the zeolite and Eatlyst particles (1BED), coating layer of
the zeolite over FTS catalyst (COAT), and FTS a&ctifiase supported on the zeolite (SUPP).

to 1BED [8, 40, 41, 55, 77] and various reasonduating acid cracking, hydrocarbon hydrogenolysis,
heat effectsetc. are hypothesized as possible origins. FTS is higikbthermic and heat effects are
typically eliminated by diluting the catalyst bedtlwan inert and/or recycle of liquid product.
However, some acid zeolite catalyzed reactions|udneg hydrocracking, as well as possible
hydrocarbon hydrogenolysis over metal sites are alothermic and may add to the produced heat.
The C1 selectivity was reduced by half upon ad@ingnert solid to a physical mixture of Co/i@nd
H-ZSM-5 while it did not change in absence of teelize. Furthermore, less aromatics were detected
in the liquid products after dilution [77]. Thesesults indicate that heat effects are even more
important in bifunctional systems, especially inEIBconfiguration. In more recent works, zeolites H-
USY, H-Beta, H-MOR, and H-ZSM-5 that were mixediw€o/SiQ and diluted with SiC in a 1BED
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configuration, did not lead to additional C1 at [@8, 87]. This observation suggests that reactions

over the acid zeolites do not produce additionahauree.

1.4.2. Catalyst particle and active phase levels

1BED systems may also consist of catalyst partitias are homogeneous mixtures of zeolite and
FTS phases (Figure 11). A closer contact (thanith#te 1BED configuration) between the FTS and
zeolite functionalities is possible if a coatingda of the latter is put over the FTS active pH&8e90]
(denoted as ‘COAT’). As schematically shown in Fegd1l, the zeolite layer may coat the catalyst
particle (.e.,, coating of um sized particles) or the FTS metgl@aneratesi(e., coating of nm sized
particles). The contact can be further maximizeddlspersing the FTS metal particles in a zeolitic
support [42, 47, 89, 91] (denoted as ‘SUPP’).

For Fe-based catalysts it is shown that SUPP [B8]@OAT [71, 93] systems are more selective
than 1BED to the C5—-C11 fraction. Accordingly, atimate contact between the two components is a
key to the bifunctional performance of these hylwatalysts. A systematic study on Co-catalysts
revealed that upon changing the system configuratiom 1BED to COAT and further to SUPP
(Figure 11), deviations from a classical ASF prddiistribution become more pronounced (Figure 12)
[89]. This practical observation is an evidencehaf above statement about the necessity of the clos

proximity of the two types of active sites.
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Figure12. Fractional molar distribution of FTS products af2€rh on-stream at 513 K, 15 bar total pressure,
feed composition MCO = 2, andGHSV = 2.4 misp kg'ea h'. CofmesoH-ZSM-5: mesoporous
H-ZSM-5-supported Co. Co loadings are about 10 \/89]
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The COAT configuration concept may be termed ‘cghiel’ as described by Tsubadtial. [94, 95]
for FTS reaction in analogy to earlier works fon@treactions [96, 97]. In an ideal core-shell acien
a defect free reactive zeolite membrane shouldrcavare of FTS catalyst. A critical review of the
relatively large number of reports on this topi®,[Z1, 88, 90, 93-95, 98-110], points to the cimajée
of making and characterizing such catalytic meménaactor on the level of catalyst particles.,(
coating of um sized patrticlesja the hydrothermal synthesis approach [89]: Exposiigp/SiQ core
to a hydrothermal environment in the presence ofiteestructure directing agent, brings about érti
transformation of the Sidnto zeolite where Co agglomerates are enwrapipeddoating of nm sized
particles). In other words, the supported Co-catafynctions as a synthesis precursor during the
hydrothermal approach rather than as an ideal ystitabre [88]. Regardless of the necessity for in
depth characterization, good selectivity data teofjae-range hydrocarbons and/or isoparaffins are
reported for both Fe- and Co-based COAT systemsdd1105] along with too high C1 selectivity. At
the same time, Co-based coated catalysts exhivérl€€O conversion levels than the conventional
base catalysts [88, 89, 94, 95, 98-110] due to nrasssport limitations [89]. Unfortunately, the
majority of the FTS reactions catalyzed by coatatdlygsts are reported at very high conversion tevel
of the limiting reactantse(g., > 90% CO conversion at,KCO ratio of 2 [49, 90, 93]) which is not
desired for activity evaluations [111]. Since FT&atysts in general are not highly productive, sslo
in activity should be considered as a significabsgtacle for practical applications. One reportroii
that an intimate contact with H-ZSM-5 promotes fbemation of an active carbide phase in Fe-
containing catalysts and hence, enhances the satatyivity [71]: The authors report a 90% CO
conversion for H-ZSM-5-coated Fe-catalyst aftar 150 h on-stream which . 30% higher than
that over the uncoated sample. However, sincerdlaistion was performed abMO ratio of 1 (which
is half of the stoichiometric value of 2), produatsociated witksa. 15% of the converted CO are not
clearly stated (olefin/paraffin ratio of 0.9 and®4 tarbon selectivity to C{are reported).

Alternatively, the cooperative action of FTS andlagites can be enhanced by employing the acidic
zeolite as FTS catalyst support (SUPP, Figure Hijvever, such an application is restricted by the
limited external surface area of zeolites. Dismersdf metals in the zeolite micropores reduces thei
FTS activity and selectivity for the following reass: () due to stronger metal-support interactions,
metal reducibility decreases considerably inside zeolite structure [46, 112]ji even on inert
carriers, it is well-known that Co particles smaltkan 6—-10 nm in size are not optimal for FTS
(Section 1.3.1) [63, 65], andif mass transport limitations in the very narrowlieanicropores may
severely alter the local #CO ratio with respect to that in the bulk and dkad to over-exposure of
the hydrocarbon products to acid sites [42, 47]adidress these drawbacks mesopores were created in

crystallites of different zeolitesia desilication [113] and the resulting hierarchieaolites were
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employed as support for Co [43, 44, 46, 47, 89]Rnd42, 91]. For 3 wt% Ru-catalysts supported on
ZSM-5 and Beta, product selectivity correlates wilie extent of support mesoporosity: Upon
increasing the NaOH concentration (employed dedihg agent) and thus creating more
mesoporosity, the selectivity to methane decreé®es the prospect catalyst) while that to gaseline
range hydrocarbons increases [42, 91]. This has aiebuted to reduced diffusion limitations, wihic
eliminate the over-exposure of the FTS hydrocarkdonstrong acid sites and keep the localG®
ratio inside the catalyst particle closer to bul&nditions [42, 47]. Nevertheless, very high
concentrations of NaOH results in excessive zealt®rphization and lowers the C5-C11 selectivity
by reducing the acid-catalyzed reaction. Therefesgthesis optimization of mesoporous zeolites
should be realized specifically for FTS catalygplagations. In a series of reports by Sargpal. [43,

44, 46, 47, 89], synthesis optimization of mesoperd-ZSM-5 (denoted asmesoH-ZSM-5’)
involved demetalationvia subsequent base and acid treatments. NaOH (akaliand
tetrapropylammonium hydroxide (TPAOH, organic) lsaseere employed as desilicating agents.
Under similar treatment conditions, NaOH resultsaimore severe desilication than TPAOH [47],
creating mesostructures with pore sizes and voluweeg similar to the amorphous Si@eference
support [44, 47]. A more controlled desilicationttwiTPAOH gives rise to more mesoporosity
suggesting a higher degree of hierarchy with laaeties communicated with smaller mesopores [46,
47]. Further, TPAOH is preferred over NaOH, sincg& I a well-known poison for Co-based FTS
catalysts and trace amounts results in a lower &divity as compared with the organic treated
samples [47].

The consecutive acid treatment (with Hy@emoves the produced extraframework aluminum,
caused by zeolite desilication, and boosts the &divity. Moreover, the acid treatment increases th
Bragnsted acidity ofmesoH-ZSM-5 [44].

The large mesopore surface areamesoH-ZSM-5 improves the metal dispersion at elevated C
loadings. The CofesoH-ZSM-5 catalyst is much more active than Co/H-ZSMnd the conventional
Co/SiG [44, 89]. Moreover, the time-on-stream stability Go/mesoH-ZSM-5 and Co/SiQ is
comparable, in terms of CO conversion, during 143 46] (insert in Figure 13a). The high
selectivity to liquid hydrocarbons over H-ZSM-5-papted catalysts is visible as a cutoff in the mola
distribution above C11 in terms of the ASF disttibn of conventional catalyste.¢., Co/SiQ, Figure
7 and 12). Measurements after 140 h on-stream sti@tsComesoH-ZSM-5 isca. three times more
selective than Co/Silxtowards C5—C11 cut, producing a large fractiomumdaturated hydrocarbons,
other tham-olefins. Moreover, wax production is consideraslyppressed over the zeolite-containing
catalyst [46] (Figure 13).
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Figure13. (a) Carbon selectivity of FTS products after 140 h tseam. In each carbon number group from
left to right: Co/SiQ and ConesoH-ZSM-5. m: n-paraffins;z: sum of isoparaffins and olefins.
Insert shows the time-on-streaifQ9) evolution of the CO conversion. (Bglectivity distribution
of liquid hydrocarbons, produced over @egoH-ZSM-5 as collected after 140 h on-stream. FTS
experiments were performed at 513 K, 15 bar totesgure, feed composition,/@0 = 1,and
GHSV = 12 nisrp kg ea: . Co loadings are about 20 wt§46]

1.5. Stability of zeolitesin view of bifunctional FTS applications

One of the major concerns regarding industrial isppbns of zeolite-containing bifunctional
catalysts is the stability and lifetime of the acomponent with respect to that of the FTS. In this
view, coke formation is a main parameter, sinceodigfon of coke would eventually deactivate the

acid functionality and, consequently, alter theduai selectivity [38]. This parameter correlateshwi
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the extent of aromatic formation in the courseeafction. Botegt al. [57, 58] compared two H-ZSM-

5 zeolites with different Si/Al ratios (15 and 148hen combined with Fe-based catalysts in 1BED
and 2BED configurations. Although initially higheghe aromatic fraction produced over the high-
acidity zeolite sharply decreased and dropped bétatvproduced over the low-acidity one. Therefore,
the low-acidity zeolite showed a more stable bedraand produced a higher fraction of aromatics
after 150 hTOS. This conclusion on H-ZSM-5 is confirmed by othess well [52, 92]. In general
H-ZSM-5 is fairly resistant towards coke formatidue to its narrow channel type structure and well
distributed acid sites. FTS reaction results camfthat H-ZSM-5-containg 1BED systems are more
stable and selective to branched hydrocarbonsrhaed catalysts containing other zeolite topologies
including MCM-22, ITQ-2, ITQ-22, IM-5, USY, H-Betand H-MOR [38, 51, 87]. The lifetime can
considerably be improved by decreasing the zeotistallite size, allowing a better utilization thfe
zeolite microporosity, due to shorter diffusion tdieces. Another approach frequently reported is
adding Pd as a (de)hydrogenation function [51922,

Up to 250 h on-stream at 553 K, the isomer selggtdrops by less than 25% of its corresponding
value at 50 hTOS over H-ZSM-5 (Si/Al = 140) [92]. However, the dease in production of C4
iIsomers is more than 50% of its initial value att@r200 h on-stream at 573 K (H-ZSM-5, Si/Al = 25)
[56]. FTS rate was relatively stable over the Feponent under these conditions. Reactivation at 573
K in an GQ containing environment is not sufficient to regerte the H-ZSM-5 zeolite (Si/Al =14)
while the Fe component is totally reactivated afestuction [114]. As expected, coke formation is
amplified over the zeolite at HTFT conditions, wééne reaction temperatures are higher than 573 K.
One the other hand, many reports suggest a mdoke gtarformance of the acid function at LTFT
conditions [6, 41, 46, 98, 103, 107]. Recently, .8 Wi% Co-0.2 wi% Ru-catalyst, supported on
alumina bound ZSM-5, is reported to show a stabléopmance and high selectivity to C5—-C20 up to
1500 h on-stream at 493 K [6]. After 140 h on-strest 513 K, reactivation of CmésoH-ZSM-5 by
H, at 773 K results in the recovery of the iniiisd- to n-C4 product ratio over this catalyst along with
its initial FTS activity [46]. This suggests that28M-5 framework does not collapse under LTFT
conditions, although lowered intensity of MFI d#@tion patterns are reported for spent catalysts as

compared with the fresh ones [50].

1.6. Conclusions

The combination of zeolites with an active FTS ghasreases the product selectivity towards
liquid hydrocarbons. This approach offers a greztemtial for intensified and direct production of
synthetic fuels from syngas. Among different zeplibpologies, the most promising results are

obtained with H-ZSM-5. The main advantages of tBe aof this zeolite in combination with FTS
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functionalities are:ij it is one of the few zeolites industrially proédicand applied for acid-catalyzed
hydrocarbon conversion reactions) {t has a (relatively) stable catalytic performanespecially at
LTFT process conditions, andiif besides acid-catalyzed cracking, it has a famisrization and
oligomerization activity at low temperatures. Tlatdr oligomerization initiates the hydrocracking
reactionvia a bimolecular mechanism, since olefins are prink&r$ products.

Although HTFT conditions are, in principle, morengoatible with hydrocracking and other acid-
catalyzed reactions than LTFT conditions, acidssdeactivate relatively fast due to coke formation
during HTFT. Therefore, such an integration of eliént functions seems to be more feasible at LTFT
conditions, making Co the desired FTS phase.

In most literature examples, the combination oft@esed FTS catalyst and zeolitic acidity results in
high selectivities towards gasoline range hydromasb This is mostly due to the type and mechanisms
of acid-catalyzed reactions over zeolites in bifioral systems (Fig. 14). While oligomerization
decreases the amount of lower olefins, crackingthef reactive large hydrocarbons breaks the
conventional ASF product selectivity at higher carmumbers. Both reactions will produce branched
hydrocarbons. Small branched hydrocarbons do noticpate in the FTS chain propagation
effectively and, at the same time, larger hydrocasbwill be get trapped in the narrow zeolite
channels (such as those of H-ZSM-5) where they ngadexcessive isomerization and cracking. In
this sense, the use of larger pore zeolites, a@dmugh as to display cracking activity under FTS

conditions, would be ideal for the production afder hydrocarbons, in the diesel fuel range.

CO +H,

Chain propagation >
FTS phase n-Paraffins + a-Olefins FTS phase

Zeolite phase

A 4

Branched hydrocarbons
(mostly C5-C11)

Figure14. Schematic representation of reactions involvedemliie-containing FTS catalysts.
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A crucial factor affecting the product selectivi bifunctional catalysts is the proximity between
acid and FTS components. The closer the sites i mlefinic products reach acid sites before
undergoing hydrogenation. This fact makes zeolifgpsrted Co-catalysts the best performing ones
among the different options in terms of active prteximity. However, in spite of these advantages,
number of drawbacks need to be addressed in aradeake the direct synthesis of liquid hydrocarbons
from syngas more attractive, namely:

- The high selectivity towards methane derived frdma strong interactions between the FTS
phase and the zeolite. This is a great catalyghegis challenge related to the state of the FTS
metal particles, since reducibility, size, interags with the zeolite, coordination of metal
atoms, etc. directly affects the FTS chain growth. In many asions, approaches including
hydrothermal synthesis to form a zeolite coatinguad the metal (agglomerates) or
impregnation of the FTS functionality with zeolitgupports, led to lower chain growth
probabilities and/or promotion of side reactiorsy.( CO hydrogenation and hydrocarbon
hydrogenolysis).

The long-term stability of these catalysts has b&egely unexplored. Future works should

certainly address this point and demonstrate thatlifetime of the zeolite containing catalysts is

comparable to that of other FTS catalysts.
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Fischer-Tropsch synthesis. Bridging the gap
between high-throughput experimentation and

extensive product evaluation
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Abstract: Design and operation of a ‘six-flow fixed-bed noiactor’ setup for Fischer-Tropsch
synthesis (FTS) is described. The unit consisteed and mixing, flow division, reaction, separafio
and analysis sections. The reactor system is mafieecheating blocks with individual temperature
controllers, assuring an identical isothermal zohat least 10 cm along six fixed-bed microreactor
inserts (4 mm inner diameter). Such a lab-scalgsaifows running six experiments in parallel, unde
equal feed composition, reaction temperature, amdlifons of separation and analysis equipment. It
permits separate collection of wax and liquid sasgfrom each flow line), allowing operation with
high productivities of C5+ hydrocarbons. The lattercrucial for a complete quantification of FTS
product compositions and will represent an advantager high-throughput setups with more than ten
flows where such instrumental considerations leadl¢vated equipment volume, cost, and operation
complexity. The identical performance (of the dowfs) under similar reaction conditions was assured
by testing a same catalyst batch, loaded in altonéactors.




Six-flow operations for catalyst development indRier-Tropsch synthesis

2.1. Introduction

The key principle of high-throughput experimentatis parallelization [1-3], an approach to run
several tests simultaneously rather than carrnhegitout one after another [4]. This is a valuabt# t
to conduct cost efficient research and developmafile parallelization of experiments increases the
research load without subsequently increasing theldpment time, small scale testing results in a
reduction of materials and feed, ultimately dedreathe total cost per experiment [5].

When it comes to catalyst development, much caeetbabe taken when parallelizing kinetic
experiments to avoid missing valuable informatimareasing catalyst screening throughput may lead
to partial or even wrong conclusions, especiallgase of complex reactions such as Fischer-Tropsch
synthesis (FTS).

FTS is an alternative process for the sustainatddygtion of key chemical building blocks from
non-petroleum-based resources such as naturakgalk,or biomass. The scientific community has
devoted a great deal of efforts to FTS-related rietdgies during the last few decades due to the
increasing price of crude oil, the rapid increasamatural gas reserves, and environmental concerns
[6].

When liquid fuels such as diesel are aimed, FT$q®® conditions and catalysts are designed to
maximize the so-called chain growth probabiliy, {.e., to increase the production of liquid (€520)
and wax (C21+) fractions. Long chain hydrocarbores farther hydrocracked to narrow the product
distribution to the desired hydrocarbon cut [7, 8].

Since its discovery (almost one century ago), netngies dealing with FTS catalyst development
have been published. Nevertheless, hazardous naftuhee reactants (Hand CO) and on the other
hand, complexity of the products (hydrocarbons wige range of boiling points, oxygenatet,.) has
been an obstacle for relevant catalyst performawauations in many occasions. In this respect,
advances in laboratory instrumentation, operatimmégation, data acquisition and treatmestt, in
the last couple of decades have allowed meetindnigite demand for accurate and efficient catalyst
performance evaluation methods.

In an early course of FTS reaction, the initial mimal and structural properties of a freshly
activated catalyst change, resulting in evolutidnactivity and product selectivity as the reaction
proceeds. Catalyst stabilization under reactiorditaoms may take more than 100 h [9]. On the other
hand, long chain hydrocarbons formed over the Fiiveaphase have to fill the catalyst porosity and
liquid reactor effluents will wet the internal sack of the equipment. Depending on the setup valume
its stabilization period might be shorter than tbathe catalyst. Yet, sufficient time is requirad
order to substitute (wash off) the products of ecpding reaction from the tubing and equipment’s

internal volume by the new effluents. Consequemtkperiments related to FTS catalyst evaluation are

33



Chapter 2

Gas supply
| | | I
N, H, CO Gas
P )

Feed and mixing — Vent

Flow division

Reaction

Separation

t

Vent

Analysis ——» Vent

Figurel. Overall process flow scheme of the six-flow fixeedlmicroreactor FTS setup.

time demanding and thus reaction parallelizatiomighly advantageous. We were among the first
research groups that proposed the concept of sigthtliroughput experimentation, under realistic
FTS process conditions [2, 10-12]. To date higlotlghput FTS setups with up to 64 parallel reactors
are reported and marketed [13].

Although high-throughput experimental setups arey v&uitable for exploratory screening of
catalysts, they are often limited to analysis & tias phase products [14-16]. Bringing the higher
hydrocarbons to the gas phase is to some extesitp®by diluting the reactor effluents. Howevéie t
separation of such mixture by an online GC will dmee demanding due to significant differences in
the hydrocarbons boiling points. In this contributi the ‘six-flow fixed-bed microreactor Fischer-
Tropsch synthesis’ setup concept is introducedldbrscale catalyst performance assessments. The
detailed equipment design and configuration is regloand linked to operation modes which lead to
performing six parallel reactions with an extensax@luation of the product spectrum. Furthermore,
the accuracy of obtained data is assessed andsdestbby screening the same catalyst batch inxhe si

reactors (flows).

2.2. Setup configuration
The overall design of the lab-scale unit for FT&cten is shown in Figure 1. This setup consists of
the following sections: (1) feed and mixing, (20vl division, (3) reaction, (4) separation, and (5)

analysis. The detailed process flow schemé watspect to the above-mentioned five sestin
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used symbols and acronyms is included in Figured3Table Al/Appendix A.

Figure 2.
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% Air-operated valve (AQV)

FD% Back pressure controller (BPC)

\VA

Check valve (CV)

Cold trap (CT)

q«

Eight-way selection valve (EWSV)

2%
o<«o
©,0

;

Electrical heater (EH)

a Filter

Fixed-bed microreactor (FBM)

) Flow meter

®  Flow sensor

%@ Four-way valve (FWV)
ﬁ Gas cylinder
———— Heated line
m” Hot trap (HT)
9 Liquid collection vessel (LCV)
ok Manual operated on/off valve (MV)
& Mass flow controller (MFC)

Maximum pressure [bar]

X

Oxygen & water trap (OWT)

Pressure indicator

D%_L Pressure reducer (PR)
Programmed temperature controller
H] Rotameter (R)

«tf  safety relief valve (SRV)

%- a1l %Six-ﬂow fixed-bed microreactor

&ﬂﬂ Solenoid valve (SV)
@) Temperature indicator
Temperature indicator alarm

D% Three-way valve (TWV)

@ Water cooling unit (WCU)

Figure3. Description of the symbols and acronyms used irurf€ig2 (see Table Al/Appendix A for

equipment models and more details).

presented in Figure 2.

2.2.1. Feed and mixing/flow division

In the feed and mixing section, flows of purg, M,, and CO are set by individual mass flow
controllers (MFC 1, 2, and 3, respectively, Fig@)eafter they are purified from possible traces of
particular matter, FD, and Q by a set of filters @3) and traps (OWT-13). Moreover, an additional
supply line is implemented in this section. ‘A fdugas’ may be introduced to the setup by MR@a4
this extra line for different purposesd., an already prepared (model) mixture as feed, didelak
detectiongtc.). CO can react with metals such as Fe, Ni, andt@rhigh pressure to form highly toxic
metal carbonyls. Therefore, the tubing materialiiser fused silica coated SS 304 or titanium wlitere
is in contact with CO (at high pressures and/orpematures). Furthermore, an electrical heater (EH),
operated at 473 K, followed by a water cooling NitCU) is placed downstream of the CO mass
flow controller to decompose the carbonyls thatengwssibly formed in the gas network.
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By means of a set of three-way valves (TWAB) flows of pure gases can be switched to a ‘cract
manifold’ and thus mixed to produce the desired feemposition. In the flow division part, six flows
are tapped from the reactor manifold, each condeaten individual mass flow controller (MFG 5
10, Figure 2). The excess flow mixture leaves tlamifold via the backpressure controller BPC 2 and

maintains a constant feed pressure for these raagsdntrollers.

2.2.2. Reaction

The reaction section is surrounded by a large hgdiox (oven) which is shown in Figure 4a
(marked withA) and 4b. The temperature of this oven is set &tk order to prevent solidification
of FTS products in tubing and other equipment. i&-flow fixed-bed microreactor’ (marked withl
in Figure 4b) is located inside the oven with eqdstances from the oven walls where heating
elements are mounted. The reactor system consifitedeating sections (Figure 5a) with individual
temperature controllers (Figure Al/Appendix A). 8ibes fit in this reactor system, each including a
glass-lined insert (4 mm inner diameter), wherealgat particles can be loaded (Figure 5b). The
isothermal zone along the six fixed-bed microreac{®&BM 1-6) is identical and at least of 10 cm
(Figure 5c).

As mentioned in Section 2.2.1, the feed flow rateeach FBM is set by an independent MFC.
Additionally, a flow of N is introduced to the top-side part of each FBVg(fé 5b) by separate
MFCs (1116, Figure 2). The Nstream flushes the gap between the outer and ing®Es and mixes
with the reactors effluents downstream of the FBMgure 2). In this way Nwill not dilute the
reaction environment. The pressure of the FBMgidyg separate back pressure controllers (BR 3
Figure 2) which are located inside the oven androtied from outside. A continuous flow of gas,
assured by B results in a stable process pressure at highecsion levels and values where most of
the syngas feed is converted into liquid produtke N inert can also be used as an internal standard
for the online gas analysis (see Section 2.3.1).

2.2.3. Separation/analysis

Due to differences in boiling points, FTS produtigy be in the form of either gas, liquid, or solid
at ambient conditions. Separation of these frastisrof importance sincei) (heavy components may
solidify in tubing and equipment at (possible) csfabts, andii) revealing the product composition
asks for analysis strategies which may vary fded#nt hydrocarbon ranges. FTS wax which is mostly
in the liquid phase at 448 K and typical reactiosasguresX10 bar) [11] is collected by gas/liquid
separators (‘hot traps’) located in the oven (H®,IFigure 2 and 4b). HTs are regularly drained into

liquid collection vessels (LCV-b) by assistance of two sets of air-operated onalfifes (AOV 16,
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Figure4. Photographs of the six-flow fixed-bed microreadtdrS setup (a), the ovem\() where the five
heated zones six-flow fixed-bed microreacta) (s located at the center and hot traps beside the
wall (as illustrated by the white oval) (b), aneé ttold traps with a collection vial)) inside (c).

set A and B). The system pressure allows dischgria wax, first from HTs into a piece of tube (tha
connects AOVs A to B) and, consequently, in LCM®tigh a subsequent sequence of opening and

closure of the two sets of valves (see Fi\R\ppendix A for complete description). Anert
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Figure5. Schematic figure of the five heated zones fixed-tmecioreactor (a), and reactor insert and outer
tubes (b). Temperature profiles of the six fixed-bgicroreactors (FBM 1-6) at 533 K (c).

environment is kept inside LCVs log. 100 cni min™ flow of N, at atmospheric pressure.

After expansion to atmospheric pressure (by BRE),3the products flow out from the overa
heated lines to a refrigerator where ‘cold trap® Bbcated (CT 47, Figure 2 and 4c). Water and
lighter hydrocarbons are separated from unreaeted, fyas phase hydrocarbons, and internal standard
in CTs atca. 278 K. To collect the liquids, a vial (marked within Figure 4c) can be inserted in CTs
while they are bypassed by a set of four-way val{lg&/VvV 1-6). (Note that precautions must be
considered while removing the HTs and CTs since they may contain hazardous gases.)

Samples collected in LCVs and CTs may be analyfiidey while the gas phase is analyzed by an
online gas chromatograph (GC) (see Section 2.3).ni&ans of two eight-way selection valves
(EWSV), one located upstream of the CTs (in thenp# NSV 1) and the other at their downstream
(EWSV 2), two different analysis modes can be fod: (modei) C1-C20 can be analyzed online,
when the targeted flow.é., effluents of FBM 16) is selected by EWSV 1, before separation of the
liquid fractions. This mode is preferred at low eersion levels and/or low values, when a low
production of liquid hydrocarbons is expected. (o)l Once separated from the liquids, gas phase
hydrocarbons can be analyzed online upon flow seleby EWSV 2. This mode is preferred at high
conversion levels and highvalues when a high concentration of heavy hydimmas and HO may
damage the GC columns. If a thorough product aigligsaimed for in the latter case, the online
analysis should be supplemented by offline measemésrof the collected samples (see Section 2.3.2).

A volumetric gas flow meter (FM) is installed dowmesam of the GC (sample loop) which can be
used occasionally to calibrate the MFCs or measiueegas flows (Figure 2). Most of the setup

equipment is computer controlled through a dedccabVIEW code. Instrument models are reported
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Figure6. Compact GC chromatograms of reactor effluents inghs phase, analyzed online after 20 h on-
stream over 10 wit% Co/Sjat 533 K, 10 bar total pressure, feed compositgiCcO = 2, and
GHSV = 2.4 st kg'e ™. TCD signal (a) and FID signals (b and c). C2+ykine, C3=:
propylene,isoC4: isobutanejsoC5: isopentane, +C1-3: all C1-C3 hydrocarbons, +&l:C4
hydrocarbons, and +C5: all C5 hydrocarbons.

in Table A1/Appendix A.

2.3. Product analysis and quantification
2.3.1. Online analysis of gas phase reactor effluents

The gas phase, containing light FTS hydrocarbors lameacted feed, is analyzed online by a
Compact GC from Interscience. The GC is equippetth Wiree columns and detectors in parallel,
using He as carrier gas. In the first column (Caemo1010, 10 m x 0.32 mm),.H\,, CO, CH, and
CO, are separated at 333 K and analyzed by TCD (Figayeln the second column ¢&ls/KCI, 10 m
x 0.32 mm) and FID detection, separation betweérCa-C4 components is achieved at 434 K
(Figure 6b). In the third column (RTx-1 0.5 Im, dbx 0.32 mm), C5—-C10 hydrocarbons are separated

at 353 K and detected by FID (Figure 6c). The aialgluration for each sample is less than 5 min.
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Figure7. Liquid FTS productsi(e., a biphasic mixture containing an organic phassr en aqueous phase),
collected in the cold traps after 20 h on-strearb3& K, 10 bar total pressure, feed composition
H,/CO = 2, and3HSV = 2.4 msrp kg'ea: W™ (2). FBM 1-6 were loaded with the same catalysttba
of 10 wt% Co/SiQ. FTS wax, separated in a hot trap and collectethbycorresponding liquid
collection vessel (b).

Total flow rate of the reactor effluents in gas g gas NOt including N) can be calculated from

Eqg. (1) if the N molar fraction Ynz 100p) iS Measured.

Ynzjoop = e (1)
e Ve ¥ V1 gas

It should be noted that 4.sis not necessarily equal to the total flow rat¢ @futhe corresponding
FBM, due to (partial) separation of reaction pradun HTs and CTs. On the other hand, singasN
an inert gas, its flow rate is equal to what wakdewnstream of the reactorg{, see Section 2.2.2).

Response factors of the analysis equipment for different components are obtained upon
calibration with a mixture that containg,H\,, CO, CH, and CQ (detected by TCD, Figure 6a) as
well as all the hydrocarbons shown in Figure 6lgced by FID). For higher hydrocarbons, response
factors (f) of all hydrocarbons with carbon number (@ may be assumed to be equal and calculated
from Eq. (2) [17]:

rf.. = n—_1rf (2)

o s
Therefore, Eq. (3) will provide the flow rate ofraponent i in gas phase reactor effluemtg.:
Viges = Yigad 1o = Y ooV 1od Vb 3)
wherey; o0p IS the molar fraction of component i in the tiluted gas phase and is directly obtained
from the GC analysisi gascan be converted into molar flow rate, assumiegdieal gas behavior.

2.3.2. Offline analysis of the collected samples
After separation from the aqueous phase, liquiddgarbons (collected in CTs, Figure 7a) as well
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Figure8. SimDis GC chromatogram of liquid FTS hydrocarbamdlected after 20 h on-stream over 10 wt%
Co/SiQ, at 533 K, 10 bar total pressure, feed compositityiCO = 2, and GHSV =
2.4 msekg'ea . N: carbon number.

as the wax (collected in HTs, Figure 7b) can beghteid and analyzed offline to identify the overall
product spectrum. Certainly, various analytical mels may be applied in this case such as simulated
distillation (SimDis) chromatography, PIONA anabysiwo-dimensional chromatographege. In this
report, a SimDis GC (Hewlett Packard 5890, Selieis employed which is equipped with an FID and
HP-1 column (7.5 m x 0.53 mm, film thickness 2.6B)pusing He as carrier gas. During the analysis,
the oven temperature is ramped from 308 to 6234Kin") and kept at the final temperature for 5
min. Before injection, samples are diluted with,CS

A representative chromatogram of the organic pHaseindicated in Figure 7a) shows that it
contains C5—-C20 hydrocarbons (Figure 8). Comparisstveen Figure 6¢ and 8 reveals that some
C5+ hydrocarbons are noticeably present in both gad liquid phases. Therefore, offline
measurements are necessary for analysis of C5+ fldw@ selection is done by EWSV 2 (operation
mode {i), see Section 2.2.3). At the same time, such iat@m of offline and online data may lead to
overestimation (or underestimation) of the fracdlomolar distributions for hydrocarbons that are
present in both gas and liquid phases. This isdtemperature fluctuations of the refrigeratoig(fe
2 and 4c), which may result in a lower (or highaverage temperature of CTs during the collection
period, as compared with their temperature at iseant of the online analysis. So to demonstrate, a
flash separation of FTS product mixture ¢at 0.9) was simulated by Aspen Plus, employing the
Peng-Robinson thermodynamic model. The simulatiotegrated the gas phase composition at
different flash separation temperatures with tHathe liquid phase for a flash separation at 273 K.
Figure 9 shows that such temperature variations teartifacts in the form of a ‘bump’ in fractidna

molar distribution of FTS hydrocarbons above C5.
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Figure9. Fractional molar distribution of FTS hydrocarbons=0.9) obtained after a flash separation of

liquid and gas phases. Composition of the gas phtadd#ferent flash separation temperatures was
integrated with that of the liquid phase for alflagparation at 273 K.

2.4. Case study: Assessment of six-flow operation
2.4.1. Catalyst
Co/SiIQ, FTS catalyst was prepared by incipient wetnessregrmation in one step, using a Co
nitrate aqueous solution. Spherical particles @,JICARIACT Q-10, Fuji Silysia Chemical Ltd.)
were loaded with 10 wt% of Co in a rotating ves3$éle impregnated sample was kept under rotation
for ca. 0.5 h at room temperature and, subsequently,383 K for more than 2 h. The catalyst was
then dried overnight at 393 K and calcination wakied at 673 K for 2 h in static air conditions.
Textural and chemical properties of Si€upport and Co/SiDcatalyst are summarized in Table
A2/Appendix A. The temperature-programmed reductoofile in H, of Co/SiQ is presented in
Figure A3/Appendix A.

2.4.2. Setup operation

0.5 g of fresh Co/Si®(from the same catalyst batch) was fixed in thersactor inserts, using
quartz wool plugs. Samples were first activateditu by 80 cmisre min™ of H, at 673 K for 12 h at
atmospheric pressure followed by cooling to 453nder H flow. After setting the total feed flow rate
to each reactor (by MFCs-E0), the pressure was increased to the process yhluor 15 bar total
pressure) and CO was gradually introduced to thd &reamvja MFC 3) at 453 K in order to reach
its final concentration (5.0 pmg} s*, H/CO = 2) in 1 h. Subsequently, the reactor systers heated
to the process temperature (513 or 533 K). A réa I§ min™® was applied for all the heating/cooling
steps. During the experiment at 513 K, heavy hyahtmans (wax) were collected by HTs at 448 K and

reaction pressure. After expansion of the prodlast to atmospheric pressure, lighter hydrocarbons
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and water were collected in CTsa 278 K. Product analysis was done in operation m@jles
explained in Section 2.2.3 and following the methlody described in Section 2.3.

A pseudo-steady-state condition was attained afteén on-stream when the internal volume of the
experimental setup was thoroughly flushed by tiquid) reaction effluents and the decrease in CO
conversion (with time) contracted (see Section3.4CO conversion, carbon selectivity, and molar
fraction of each product were defined by Egs. @))-(espectively, whereco stands for CO
conversion (%)F indicates the molar flow rat&,is the carbon selectivity (%) toward a productwnt

carbon atoms, anglis the molar fraction of a hydrocarbon.C

F..o—F nF, F

o T A0 (@ 8= 0 B g O
nco Fco2 + 2 nFq, Fen
n=1 n=1

Thea value was defined in terms of the rate of polyzagion ¢,) and the rate of termination) of
the growing hydrocarbons, according to Eq. (7).
o = rpl(rptry) (7)
Therefore, Eq. (8) represented the Anderson-Sdhlalz+ (ASF) product distribution in terms of
molar fractions:
Yen = (La)a™ ®)
ando value was calculated from the slope ofyda) as a function of. (i.e., expecting a first order
function based of Eq. (8), the slope will be egodln(«).)

2.4.3. Results

Time-on-streamTOS) evolution of CO conversion in FBM 1-6 is depiciad-igure 10.Ca. 98%
conversion of CO is measured after 1-2 h of react@D conversion decreases WIS by ca. 14%
after 27 h on-stream. The maximum deviation fromdkierage conversion value (between FBM 1-6)
is +2%, observed in case of FBM 2 and 6.

The collection period of liquid fraction (in CTs)a& during 20 to 28 MOS, when CO conversion
decreases 3% (Figure 10). Molar flow rates of hiqunydrocarbons, as averaged based on the
collection duration and offline analysis, were atide their corresponding values obtained from the
online analysis ata. 20 hTOS The added flow rates were used to calculate #nbon selectivity
(Egs. 5) and molar fraction (Egs. 6) of hydrocahtimat were present in more than one phase (see
Section 2.3.2).

FBM 1-6 display very similar product selectiviti€Bigure 1l1la). Under the applied process
conditions, the highest carbon selectivity is aledi for the C5—C11 fraction, while a minor amount o
C21+ is formed over Co/SiOThe very low production of C21+ is observed indHis almost no wax

sample could be collected for offline anaysrhe olefin to paraffin ratio in C2-Ciaction
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Figure10. Time-on-streamTOS) evolution of the CO conversion during FTS at 5330 bar total pressure,
feed composition MCO = 2, andGHSV = 2.4 nisrp kg’ K. FBM 1-6 were loaded with the
same catalyst batch of 10 wt% Co/giO

(O/P (C2-4)) isca. 0.4 (insert in Figure 11a) which points to premake of saturated hydrocarbons
throughout the product spectrum (O/P ratio decedselarger hydrocarbons due to their stronger
adsorption [18] followed by hydrogenation [19]). €lICQ selectivity is above 10 % suggesting a
considerable contribution of water-gas-shift (W®8¢r the studied Co-catalyst at 533 K.

Relative errorsi) between reactors associated with carbon selgesitio each product range, with
respect to the average value (between FBM $6weragp Was calculated by Eq. (9) and is presented
in Figure 11b.

ECn — SCn - SCn,average>< 100 (9)

Sen,average

Note that for each group, the error associated wsiparaffins and olefins is separated from that
related ton-paraffins.E is maximum 6% for hydrocarbon fractions up to @Gh#l 10% for C12+.

The molar fraction of FTS hydrocarboves sus their carbon number follow a fairly log-linear rick
up to C17 (Figure 12a). C1 and C2 are exceptionishmdhow, respectively, higher and lower values
than what is anticipated by extrapolating the limeiatribution ton = 1 and 2. In order to assess the
performance of the setup when working at a higheailues ¢f. inserts in Figure 12a and b), additional
experiments were performed at lower temperatur® (L Figure 12b shows that the linear trend

continues fon > 17.

2.5. Discussion
The lab-scale six-flow FTS setup, introduced irs tt@port, includes six fixed-bed microreactors of

which feed flow rate and process pressure mayadjasted independently. Moreover, each flew i
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Figure1ll. Carbon selectivity of FTS products after 20 h aeah (a). Relative errors associated with carbon
selectivities to each product range with respedh&average value (between FBM 1-6) (b). In
each carbon number group from left to right: FBMtdl FBM 6. m: n-paraffins; z: sum of
isoparaffins and olefins&o, CO, selectivity; O/P (C2-4): olefin to paraffin ratiof C2—CA4.
Experiment was performed at 533 K, 10 bar totasguee, feed composition#O = 2, andsHSV
= 2.4 mMstp kg’ . FBM 1-6 were loaded with the same catalyst bafct0 wt% Co/SiG.

equipped with phase separators aiding an indepémddection of solid and liquid samples. At the
same time, the six-flow unit benefits from opemationder similar feed composition, reaction and
product separation temperatures, and conditiorthefnline analytical equipmenrg.q., calibration,

etc.). While the former independent parameters incréhseexperimentation throughput, the later

similarities will certainly improve its accuracynBancements in both throughput and accuracy ae th
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Figure12. Fractional molar composition of FTS hydrocarboniera20 h on-stream over Co/Sié@t 533 K, 10
bar total pressure (a) and 513 K, 15 bar totalgomes(b), feed composition O = 2, andGHSV
= 2.4 msrp kg'ea M. In (@), FBM 1-6 were loaded with the same catabggch. Chain growth
probability @) is calculated in the range of C5-C16.

advantages of such a system over six independétst dime condition is that all the reactors (flows)
should behave identicale., provide similar results employing the same cataly

Testing the same batch of Co/Si€atalyst in the six-flow setup confirms that tive SBMs operate
almost identical in terms of activity and selediivineasurements. With respect to the average CO
conversion, FBMs 2 and 6 show about 1-2% lower higther values, respectively (Figure 10).
Carbon selectivity to C1-C4 and ¢@re lowest in FBM 2 and highest in the case of FBfFigure
11). At the same time, selectivity to C5+ and QZR-4) are highest in FBM 2 and lowest for FBM 6.
Slight fluctuations in local temperatures can pt#dly lead to such observation since Co-based FTS
catalysts are very sensitive to changes in thegatemperature in terms of their product seldgtivi
[20]. The construction of the six-flow FBM with Bvseparate heating zones and very narrow reactor
inserts results in an identical temperature prafhlé-BM 1-6 in absence of reaction (Figure 5c and
Al/Appendix A). On the other hand, all catalyst $&dere carefully packed in the 10 cm isothermal
region of FBM 1-6 by means of a dedicated rod fe#id by tapping. Therefore, the above-mentioned
alterations cannot originate from the reactor otemperature. Indeed deviations in the obtained
results are expected when catalytic measurememtsdaplicated (even with the same reactor).
Variances such as those in packing the catalyss,ielomogeneity in a catalyst bat@t¢. may
significantly contribute to experimental errorsaddition to other sourceg.g., analytical, mass and
flow measurementstc.) [10]. The FTS reaction is highly exothermic [2did the aforementioned
catalysts’ performance results suggest that snifédireinces in heat dissipation from the catalysd<e
and/or occurrence of hotspots may have an importéain this case.
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The ASF distribution implies a log-linear trend fdractional molar composition of FTS
hydrocarbons when plottedersus their carbon number [22]. Although this assumptienfairly
relevant for many catalytic systems, several repddal with non-ASF product distributions [23].
Dissimilar sites or (parallel) growth mechanismsomme catalyst [24], altered values in different
carbon number regions [25], and the so-called fmifional catalysts’ that represent a ‘break’ in ASF
plot [26] are among such exceptions. Moreover,dibgree of saturation (and/or branching) may vary
at different hydrocarbon ranges, even over an A8tabing catalyst. Thus, analysis of the whole
product spectrum is of crucial importance in orttefully unveil the performance of an FTS catalyst.
This asks for running reactions with a sufficienbguction of liquid and solid amounts in the cage o
studies dealing with gas-to-liquid conversions.(when higha values are aimed for). Excluding the
heavies from the analysis may lead to artifactheform of deviation from ASF distribution (Figure
12a) and results in elevated errors in the seligégtilata above C11 (Figure 11b).

If process conditions are fixed, productivity ofeaction can be increased by loading more catalyst
in the reactor while keeping the space velocitystamt. In this case, the necessary amount of sample
may reach above a gram, since FTS catalysts inrgles@ not highly productive. Conventional ‘one-
flow’ setups can easily be adopted for such amoasthey are less limited by space. However, upon
numbering up the reactors (flows), a compromiseukhbe made between the equipment volume
(/capital), operation complexity, and extensiveadatquisition. In this respect, a six-flow equiptian
the lab-scale bridges the gap between high-thrautgbgtups for primary screening of FTS catalysts
and conventional one-flow systems for their detaperformance studies. As a show case, the current
setup has been employed for studying a numberaliteeontaining Co-catalysts which are proven to
combine FTS and acid-catalyzed reactions [26-3B¢ product compositions of these catalysts above
C11 cannot be described by an ASF distribution P4, Therefore, an almost extensive analysis of
liquid products was essential (Figure Ad4/Appendixiiaddition to a time efficient catalyst screenin
This was offered by the operation mod¢ (see Section 2.2.3) of the six-flow fixed-bed roreactor
FTS setup.

2.6. Conclusions

A relatively long catalyst stabilization period edses the necessity of high-throughput
experimentation in research areas related to FT8lysa developments. As long as activity and
selectivity measurements are concerned, lab-soalbow operations offer an increased experimental
throughput as well as accuracy. The latter is duequal conditions (in terms of process temperature
feed composition, equipment conditioes;.) under which the six parallel experiments are qrentd

and is ensured if the flows operate identically.sige, construction, and operation of such an
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equipment confirm that indeed it is possible tcaobtreproducible activity and selectivity data with
6% relative error (with respect to the average edlatween the six flows). Our results suggest that
minor differences in local temperatures may berttagor basis of slight deviation from the average
activity and selectivity values, in addition to etlsources of experimental error.

Incorporation of separate mass flow and pressunératers as well as product separation units in
each flow allows running reactions with high protilore of solid and liquid fractions. Including these
fractions in the product analysis (as in the cakeomventional one-flow operations) is of great
importance to fully characterize the FTS produdcsg@. Since the number of reactors is not as many
as in high-throughput setups (bearing more thafidfs) such instrumental considerations will not
lead to a dramatic increase in the equipment vol(gnel as consequence, in the associated capital
cost). Therefore, a six-flow fixed-bed microreactmit combines the advantages of high-throughput

and conventional FTS setups at the lab-scale.

Nomenclature

+C1-3 All C1-C3 hydrocarbons
+C4 All C4 hydrocarbons
+C5 All C5 hydrocarbons

a Chain growth probability
Y Volumetric flow rate

C2= Ethylene

C3= Propylene

Cn Hydrocarbon witin carbon number
E Relative error

F Molar flow rate

isoC4 Isobutane

isoC5 Isopentane

I length

n Carbon number

O/P (C2-4)  Olefin to paraffin ratio in C2—C4 fraoni
r Rate

rf Response factors

S Carbon selectivity

T Temperature

t Time

TOS Time-on-stream

X Conversion

y Molar fraction

Subscripts

gas Gas phase

[ Component index

loop GC sample loop

p Polymerization
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liguid fuels from syngas
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Abstract: One step production of gasoline-range hydrocardoms syngas is demonstrated by
combination of Fischer-Tropsch synthesis (FTS) aod functionalities in one single bifunctional
catalyst particle. Two different catalyst configiwas were studied in which the acid functionatify
H-ZSM-5 zeolite conjoins the cobalt FTS active ghdg H-ZSM-5 as catalytic coating on Co anid (
H-ZSM-5 as catalytic support for Co. Spherical gthCo/SiQ was chosen as a conventional FTS
catalyst for comparison and used as precursorrthegize the H-ZSM-5-coated Co-catalyst. Various
silicalite-1 and H-ZSM-5-coated reference samplesenprepared by subjecting Co/Si® a direct
hydrothermal procedure. Thorough characterizatiwh @atalytic performance tests reveal that direct
hydrothermal synthesis results in transformationSad, from the Co/Si@ particles into an MFI
coating on Co agglomerates. The silica support do¢only act as precursor but also as nano-mold
during the preparation of the zeolite-coated catalyas the original Co/SiOparticle shape is
preserved. The close vicinity of the acid sites @adfunction in the zeolite-coated catalysts prasot
the acid-catalyzed conversion of the produced Rjddtarbons and reduces the production of C12+.
Alternatively, mesostructured H-ZSM-5 was used upport Co. Mesoporous hierarchy in the latter
case improves both the Co dispersion and the pitkoh FTS and acid sites. Thus, Co supported on
mesoporous H-ZSM-5 is a much more effective catdiysthe direct production of gasoline-range
hydrocarbons than the H-ZSM-5-coated Co-catalyst.
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3.1. Introduction

Fischer-Tropsch synthesis (FTS) is an attractivectien path to produce liquid fuels such as
gasoline and diesel oifia the transformation of syngas (mixture of &hd CO obtained from natural
gas, coal, or biomass) to hydrocarbons and wajer [1

Cobalt and iron are the two elements industriathpkyed in commercial FTS catalysts [2-4]. Both
Fe and Co can catalyze FTS at temperatures bel@vK52he so-called low-temperature Fischer-
Tropsch (LTFT) [5]. In either case, the Fischer{igoch synthesis of hydrocarbons follows the
Anderson-Schultz-Flory (ASF) polymerization modeiplying that the carbon number distribution of
these products is a function of the chain growttbpbility () at the catalyst surface [6]. Due to this
polymerization type kinetics, the direct selectipeduction of specific hydrocarbon cuts is not
feasible by FTS except for methame=0) and an infinite chain length € 1). Therefore, the current
strategy toward selective production of hydrocasgbavith a narrow carbon number distribution
includes the application of LTFT at conditions wieris close to unity followed by downstream
conversion where the long chain hydrocarbons adedtyacked to the desired cut of the barrel [5, 7,
8].

In the past few years quite some research hasdme&hucted to intensify the gas-to-liquid process
in terms of both reactor engineering and catalgsgineering: while the use of structured catalgsts
reactors based on monolithic [9] or microchannel 18, 11] configurations are very promising to
maximize the FTS efficiency by enhancing the maskraeat transport properties of the process, many
efforts have been devoted to developing catalyshddations able to couple FTS with hydrocarbon
product upgrading reactions.g(, hydrocracking and isomerization). The latter appoh aims at
minimizing the demands on the syncrude refiningsyréspecially hydrocrackers, by maximizing the
production of desired liquid fractions (diesel agakoline) in FTS reactors [12]. To achieve this, a
second functionality (other than FTS) should beeadtb the catalyst formulation to break the ASF
selectivity. Since syncrude upgrading is mostlyeldasn acid-catalyzed reactions [5], zeolites are
potential candidates for this approach. In an idgeahario then, hydrocarbons formed on FTS active
sites migrate to the acid function and are subsgtuehopped to the desired cut [13].

Based on the literature in the field, bifunctio®@lS systems can be classified into three main
categories in which zeolites are employed as the @@mponent:if physically mixed [14-17],ik)
zeolite-coated [18-22], andii(j zeolite-supported catalysts [23-26]. In the ficstegory, individual
catalyst particles of FTS and zeolite ((hydro)cragkcatalyst) can be combined inside one reactor by
different configurations such as a homogenouslyeahiked [16], a dual bed [17], or using a bed of
hybrid catalyst pellets [15]. In a detailed studifferent industrial zeolite topologies were physig

mixed with Co/SiQ FTS catalyst and screened for their deactivatamalior. The deactivation rate of
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the acid component correlated with the zeolite ghmeensions, and in that respect H-ZSM-5 showed
the highest stability in the FTS reaction environinfd6, 27]. Moreover, dedicated hydroprocessing
reactions over the (hydro)cracking component (ef physically mixed system) confirm that indeed
hydrocracking and isomerization reactions are Basunder FTS process conditions and applied
space velocities [16, 17, 28, 29]. Neverthelessh glirect observation of the acid-catalyzed reastio
is more challenging once the FTS active metal @afg Co) is present in the bifunctional catalysts
where the hydrogenation activity of Co is strontfen that of Fe. Although this (de)hydrogenation
functionality is required to promote the activitydastability of the hydrocracking component [304 C
is an active hydrogenolysis catalyst as well (@mwtito noble metals) [31, 32]. It is, however, very
unlikely for hydrogenolysis to take place effectiwduring FTS due to competitive adsorption of CO
on the metal sites [33], yet this reaction will doate in the absence of CO [34]. This controversial
situation in simulating the FTS reaction environtmenevaluate the acid-catalyzed reactions on one
hand, and the dependence of intrinsic FTS selégtta numerous factors, including the catalyst
preparation method, type of support, process camditetc. [35] on the other, calls for extra caution
to interpret the effect of the acid component i §broduct spectrum of bifunctional catalysts
belonging to categories Y and (ii).

In this Chapter, two structurally different H-ZSMe®ntaining Co-catalysts were synthesized and
thoroughly characterized in order to understandr therformance as a basis for the development of
catalysts for the direct production of liquid fuéelhe zeolite acts either as a coating on Co
agglomerates (typé) or as a mesoporous Co support (type The comparison between both
bifunctional configurations and conventional Co/giatalyst allowed to demonstrate the importance

of site proximity and catalyst structure on thefpenance of bifunctional FTS catalysts.

3.2. Experimental
3.2.1. Materials

Spherical particles (300-500 pum) of amorphous, 8ith specific surface area and pore volume of
293 nf g* and 1.35 crhg?, respectively, was provided by Fuji Silysia Cheahictd. (CARIACT Q-
10). Spherical Si@TiO- hybrid support was supplied by Ishihara SangysKaiLtd. (ST-B21, 87
g' surface area and 0.14 trg* pore volume). 1 M tetrapropylammonium hydroxideP fOH)
solution, tetraethyl orthosilicate (TEOS), Al(N@ 9H,0O, Co(NQ),-6H,0O, and NaOH pellets from

Sigma-Aldrich were used as received.
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Table 1  Abbreviations of samples, prepared by hydrothertredtment and molar compositions of the
corresponding synthesis solutions.

Sample Synthesis solution composition (mol)

Description Abbreviation TPAOH  AI(N§; TEOS EtOH HO
H-ZSM-5 powder H-ZSM-5 0.25 0.025 1 4 60
H-ZSM-5-coated Co Z/ColSiO 0.25 0.025 1 4 60
H-ZSM-5-coated Co/Ti® Z/Co/SiQ-TiO, 0.25 0.025 1 4 60
Hydrothermally-treated Co/SiO Co/SiG-hydro 0 0 0 4 74
H-ZSM-5-coated Co without TEOS Z/Co/SHoTEOS 0.25 0.025 0 4 72
silicalite-1-coated Co S/Co/Sj0 0.25 0 1 4 60
silicalite-1-coated Co without TEOS S/Co/SiITEQOS 0.25 0 0 4 72

3.2.2. Catalyst synthesis
3.2.2.1. Zeolite-coated Co-catalysts

Spherical particles of SiCas well as Si@TiO, supports were loaded with 10 wt% of Co, applying
incipient wetness impregnation of Co(R)&6HO aqueous solution in one step. Before impregnation
the supports were dried overnight at 393 K. Impatgd samples were kept overnight in a desiccator
at room temperature and dried at 393 K for 12 haly, samples were calcined at 673 K for 2 h. For
all the above-mentioned drying and calcination stepheating rate of 2 K minand static air
conditions were applied.

H-ZSM-5 powder was synthesized by a hydrothermatgdure, employing Al(Ng)s-9H,0O and
TEOS as the alumina and silica sources, respegtiVel prepare the synthesis solution, TPAOHOH
and ethanol (EtOH) were mixed and stirreddar0.5 h. Subsequently, TEOS was added drop wise to
the mixture and the solution was aged and stirte838 K for 2 h in a capped bottle to allow the
hydrolysis of TEOS. Afterwards, the synthesis golutwas sealed in a hydrothermal vessel
(autoclave) and heated at 453 K for 24 h withouatron. Once the hydrothermal synthesis was
completed, the vessel was cooled to room temperaaad the zeolite powder was separated by
filtration and washed until neutral pH was reachrethe filtrate. The synthesis solution composition
which is analogous to that reported by Tsuledlkdl. [36] is mentioned in Table 1 (see sample H-ZSM-
5).

In order to coat the GO, agglomerates by an H-ZSM-5 layer (H-ZSM-5-coateddatalyst), 10
wt% Co/SiQ particles of 300-500 um were used and added talibee-mentioned synthesis solution
with a ratio of 28.7 gnthesis solutiord “corsioz (Sample Z/Co/Si@in Table 1). The hydrothermal synthesis
was then carried out to form the zeolite coatimfjpfving a procedure similar to that of the H-ZSM-5
powder, only under autoclave rotation in this case.

To investigate the effect of this procedure onitliensic (chemical and catalytic) properties oé th

produced Co-catalyst, five additional reference gam were prepared by varying the synthesis
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mixture composition but with the same coating mdthithe abbreviations of these samples together
with their synthesis solution compositions are reggobin Table 1: for the synthesis of ‘Z/Co/$iO
TiO2', 10 wt% Co/SiQ-TiO, particles (300-500 pum) were used as basis. ‘Ce/ByOrd represents
Co/SiQ particles, hydrothermally-treated in® and EtOH when TPAOH and TEOS were substituted
(excluded) in the synthesis solution by an equadst@ HO. For ‘Z/Co/SiQ-noTEOS only TEOS
was substituted by # (equal mass). ‘S/Co/S}QOs a silicalite-1-coated Co sample where the aham
source was excluded from the synthesis solutiolCof5iG-noTEOS is the sample for which
synthesis alumina source was excluded and TEOSsulastituted by kD in equal mass. After the
coating procedure, samples were washed and segaratefully from the loose MFI crystallites,
applying sedimentation. After rinsing with,®, all the above-mentioned catalysts were keptroght

at room temperature, dried at 393 K for 12 h (2 i Hhand subsequently calcined at 773 K for 5 h (1

K min™) in static air.

3.2.2.2. Zeolite-supported Co-catalysts

Part of the synthesized H-ZSM-5 sample was calcate®3 K for 10 h (2 K mif) in static air and
modified to introduce mesoporous hierarchy applyimg desilication approach reported by Greé¢n
al. [37]. Alkaline treatment of H-ZSM-5 powder was gad out in 0.2 M NaOH aqueous solution
(volumeyaon solutiodWeightzsws = 30.3 cmi g%) under stirring at 338 K for 0.5 h. This treatmersts
followed by immediate quenching in an ice bath eextrifugation to separate the zeolite powder from
the solution. The residue of desilicating agent vesisoved from the zeolite crystallites by subseguen
redispersion in deionized water and centrifugatigoles until neutral pH was reached. In order to
remove Na traces, a well-known poison for Co-baB&@& catalysts [38], the zeolite was ion-
exchanged with an excess of 0.1 M NKD; at room temperature for 20 min in three additianales.
Mesoporous H-ZSM-5, denoted arésdi-ZSM-5’, was then dried at 393 K for 12 h and oad at
823 K for 5 h.

Parent H-ZSM-5 as well asesdi-ZSM-5 samples were employed as catalyst suppodsioaded
with 10 wt% of Co, applying incipient wetness imgmation with aqueous solutions of
Co(NG;),- 6HO. Both supports were dried overnight at 393 K keimpregnation. Only in the case
of parent H-ZSM-5, two impregnation steps were nexgl (due to its low pore volume) with
intermediate sample drying at 333 K for 4 h. Aftmpregnation, samples were kept overnight in a
desiccator at room temperature and dried at 39& K2 h. Subsequently the catalysts were calcihed a
673 K for 2 h. A heating rate of 2 K mtrand static air conditions were applied for all #i#ove-
mentioned drying and calcination steps.
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3.2.3. Characterization

N2 physisorption was performed in an Autosorb-6B y@uantachrome Instruments) at liquid
nitrogen temperature (77 K). Prior to the experitmea. 0.1 g of the samples were degassed overnight
in an Autosorb Degasser unit (Quantachrome Instnishender vacuum at 623 K.

Elemental analysis was performed with PerkinElmeati®a instruments. Samples were first
digested inca. 50 ml of 2.00% HCI, 1.25% 1$0,, and 1.00% HF mixture, in a microwave furnace.
After dilution, analysis was done by the inductwelbupled plasma optical emission spectrometry
(ICP-OES).

The X-ray diffraction (XRD) patterns were recordadBragg-Brentano geometry by a Bruker D8
Advance diffractometer equipped with a Vantec posit sensitive detector and graphite
monochromator. Measurements were performed at neonperature, using monochromatic Ca K
radiation § = 0.179026 nm) in the@2region between 10° and 100° with a step size 08&. All
patterns were background-subtracted to eliminae ¢bntribution of air scatter and possible
fluorescence radiation.

Scanning electron microscopy (SEM) was performed &hilips XL 20 microscope. Samples were
coated with a layer of gold using an Edwards S15p#tter coater, to make them conductive prior to
imaging. In order to study the catalyst particlesss-section, they were mixed with a resin inside a
mold before gold sputtering. After solidificatiotie resin was removed from the mold and polished
carefully to reach the particles cross-section.rgyalispersive X-ray (EDX) spectroscopy of the
samples cross-section was analyzed by JEOL JSMF8EI0 emission scanning electron microscope
equipped with a Noran System Six spectral imagiggtesn and a 30 mmNovar detector.
Transmission electron microscopy (TEM) was done@ByEI Tecnai TF20 microscope operated at 200
kV using a carbon coated Cu grid.

Temperature-programmed reduction by PR(H)) was performed on a homemade equipment.
Ca. 0.1 g of Co-containing samples was mounted immgpézature controlled reactor where 27°¢m
min™ flow of 7.4% H in Ar was fed over the samples. The reactor teatpeg was then ramped from
room temperature to 1123 K with a heating rate@&Imin™® and the H consumption was monitored
by a TCD. Water was removed by a Permapure memioirgee.

Temperature-programmed NHdesorption (NBTPD) was measured by an AutoChem I
Chemisorption Analyzer (Micromeritics)Ca. 0.2 g of the zeolite-containing samples was first
degassed under He flow at 673 K for 1 h and thamra@d with NH at 373 K (or 473 K) during 1 h,
using a flow of 1.65% NElin He. The gas mixture was then switched backeahkd the sample was
purged at 373 K (or 473 K) fora. 1 h to remove the weakly adsorbed Nidolecules until no

ammonia was detected. TP desorption was subseyguentrded in He flow, from 373 (or 473 K) to
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773 K. All flow rates were adjusted to 25 %y min’ and the heating rates were 10 K thiduring

different stages of the experiment.

3.2.4. Fischer-Tropsch synthesis

FTS experiments were performed on the six-flowdibbed microreactor setup described in Chapter
2. For all experiments, fresh catalyst (0.197-0.§p@as fixed in the reactor inserts using quamtowv
plugs. Samples were first activatiedsitu by 80 cmisrp min’ of H, at 673 K for 12 h at atmospheric
pressure followed by cooling to 453 K undes #ow. After increasing the pressure to the process
value, CO was gradually introduced to the feedastrat 453 K in order to reach its final concentrati
in 1 h. Subsequently, the reactor was heated toptbeess temperature. A rate of 2 K thiwas
applied for all the heating/cooling steps.

During the experiment, heavy hydrocarbons (wax)ewailected by gas/liquid separators at 448 K
and reaction pressure. After expansion of the pbtlaw to atmospheric pressure by back pressure
controllers, lighter hydrocarbons and water weréected in cold traps ata. 278 K. After separation
from water, these liquid hydrocarbons as well as wWax were weighted, dissolved in £%nd
analyzed offline by a simulated distillation (SinsDIGC (Hewlett Packard 5890, Series Il) equipped
with an FID and HP-1 column (7.5 m x 0.53 mm, filmckness 2.65 pm), using He as carrier gas.
During the analysis, the oven temperature was rdrfnpen 308 to 623 K (14 K milj and kept at the
final temperature for 5 min.

N, CO, and CQas well as light hydrocarbons in the gas phase aealyzed online by a Compact
GC (Interscience), equipped with three columnsdaetdctors in parallel, applying He as carrier ¢as.
the first column (Carboxen 1010, 10 m x 0.32 mm) GO, CH, and CQ were separated at 333 K
and analyzed by TCD. In the second column@MKCI, 10 m x 0.32 mm) and FID, separation
between all C1-C4 components was achieved at 434 #e third column (RTx-1 0.5 pm, 15 m x
0.32 mm) C5-C10 hydrocarbons were separated aK2b®l analyzed by FID.

A pseudo-steady catalytic behavior was attaineer &0 h on-stream when selectivity data were
collected. CO conversion, carbon selectivity, aralamfraction of each product were defined by Egs.
(1), (2), and (3), respectively, wheXgo stands for CO conversioR,indicates the molar flowsis the
carbon selectivity toward a product withcarbon atoms anglis the molar fraction of a hydrocarbon
Cn.

F -F
Xeo = —1C2 100 1), s, = —"Me 100 @), y, = S ©)
nco Fcoz +ZnFCn Z Fen
n=1 n=1
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3.3. Results
3.3.1. Transformation of Co/Sj@o zeolite-coated Co-catalyst

SEM micrographs of the synthesized H-ZSM-5 powdeivall as the zeolite-coated catalysts are
shown in Figure 1 and 2. In the absence of theatgp CaO, particles (Co/Si@or Co/SiQ-TiOy) in
the zeolite synthesis solution, H-ZSM-5 crystadlitef about 3 pm are formed by the hydrothermal
procedure, described in Section 3.2.2.1 (see Fig@yeOnce the supported £ particles are added
to the mixture and subjected to the synthesisr tinerphology change due to formation of a coating
layer which is to some extent inter-growaf.(Figure 1b and c). SiOis not very stable under
hydrothermal conditions and is prone to dissolutrnigh pH [39, 40], so partial dissolution of the
SiO, support in the basic zeolite synthesis mixture loarexpected upon hydrothermal treatment at
453 K. In order to verify this, Co/SgXi0, was used in the synthesis. Since Ji©much more stable
under similar conditions, it can be employed asnéernal standard in the supporteds;Op particles
composition. Elemental analysis by ICP-OES revehdd indeed the Si/Ti ratio of Co/SiJiO;
decreases from 3.4 to 2.9 for Z/Co/%i00, after the hydrothermal synthesis, while the Ca#fio
stays unchanged, indicating that Co remains irstheture of the coated catalyst.

Figure 2 shows similar morphological changes ofSB0/ after the coating procedure: while the
hydrothermal treatment in the absence of the zepliecursors does not affect the morphology of the
particles and the SEM micrographs of Co/8iydro (Figure 2b and h) look very similar to that of the
Co/SiQ (Figure 2a and g), addition of TPAOH to the systhesolution results in transformation of
SiO; into crystallites similar to MFI structure. Thisahsformation even occurs when excluding the
additional Si source (TEOS), indicating that Co/Scan supply Si to the zeolite synthesis solution
(compare Figure 2i and k with Figure 2j and |)tte absence of an Al source (Al(R)9H,0), the
crystallites tend to grow, forming well developatcalite-1 crystals on the surface of S/Co/&iO
noTEOS(see Figure 2f and ).

XRD analysis confirms the presence of MFI topolagythe zeolite powder as well as in the Co-
containing coated samples (Figure 3). In the Iat@@nples, Cs, reflections are also identified. In the
case of Z/Co/SipnoTEOSthe MFI peak intensities are somewhat reducedivel to those of GO,

&5 i | JRASE VAR &
() (b) SirTi = 3.4, Co/Ti=0.6 (c) sirmi=2.9, ColTi=0.6
Figure 1. SEM micrographs of H-ZSM-5 (a), Co/SiDiO, (b), and Z/Co/Si@TiO, (c). Scale bars
correspond to 5 pm.
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Figure 2. SEM micrographs of Co/Sida and g), Co/Sighydro (b and h), Z/Co/Si©(c and i), Z/Co/Si@
NoTEOS(d and j), S/Co/Si®(e and k), and S/Co/SidoTEOS(f and I). Scale bars correspond to
100 um for the left column and 5 pm for the rigbliuenn micrographs.

implying a lower concentration of zeolite phaseZiCo/SiQ-noTEOSas compared to the other Co
containing catalysts. So, the coating layers oleskm the SEM micrographs (Figure 2) are H-ZSM-5
in the case of Z/Co/Siand Z/Co/Si@noTEOSsamples and silicalite-1 in S/Co/Siénd S/Co/Si@
noTEOS

N2 physisorption results (Table 2) reveal that thdrbthermal treatment of Co/SiGn H,O and
EtOH results in surface area loss for Co/Sn@dro and a slight increase in its pore volume. When
zeolite precursors (including the structure dimgigent, TPAOH) are added to the synthesis salutio
total surface area of samples increases while tbgopore surface area of Co/gi@ecreases by a
factor of 10, from 203 to 25 Ty for Z/Co/SiQ. A similar trend is observed for all Co-containing
catalysts when they are coated with either H-ZS®F-Silicalite-1. Further, the sample’s micropore
volume increases from 0.01 ¢a. 0.1 cnf g™ at the cost of a decrease in their mesopore voloyne
two orders of magnitude. Clearly, the textural gntdies of the coated catalysts evolve toward tludse
the microporous H-ZSM-5. The only exception showmdexture intermediate between Co/SiO
hydroand H-ZSM-5 is Z/Co/Si®@noTEOS having the lowest MFI peak intensities in XRDoiffr the
SEM image of the latter sample (Figure 2j) and Xpddterns, it must be concluded that the H-ZSM-5
crystals are formed through transformation of Si€. top left area of Figure 2j and h). This transition
behavior is noticed in the corresponding pthysisorption isotherms as well (see Figure B1&xumjx
B) and attributed to the presence of Al, which slosown the crystallization rate of zeolites [41],
especially in the absence of TEOS. Figure B1/AppeBdllustrates that the type IV isotherm of SiO
changes toward type | after being transformm@d the zeolite coating. Nevertheless, tuated
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H-ZSM-5
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]’ S/Co/SiO,-noTEOS

S/Co/SiO,
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201/~

Figure 3. XRD patterns of the samples.

samples still contain an extent of mesoporositseasaled by the presence of a hysteresis loopein th
isotherms which is totally absent in the case &@$M-5.

As visualized by the cross-sectional SEM microgsaphparticles the hydrothermal treatment alone
does not severely destroy the silica suppdrtHigure 4a and b) and Co/SHAydro has a morphology
very similar to that of Co/Si&Xin line with what mentioned earlier). Howeveraaiges in the surface
area and pore volume of Co/Si(3ee above) suggest a slight dissolution of,%itCthe hydrothermal
conditions. Figure B2/Appendix B shows that the opeses of Co/Si@hydro are about four times
larger than those of Co/SiOThe SiQ dissolution is promoted by addition of the zeobteucture
directing agent TPAOH which increases the pH of tiyerothermal environment. As a result, a
spongy structure is observed inside the Z/CofSi@rticles (Figure 4c). In the latter case, severe
dissolution of SiQ transforms the mesopores into macropores whichatdoe detected anymore by
N2 physisorption; although, for Z/Co/SidoTEOSpores larger than 100 nm can still be noticedhéen t
pore size distribution (Figure B2/Appendix B). Aser look at the edge of Z/Co/Si@article cross-
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Table 2  Textural and chemical properties of MFI coated lgata and their corresponding reference

samples.
Sample S/nf gt V/icnt gt Co Si/Al
totaf mesd totaf micrd” mes6 wtod ded/ nm

Sio, 293 248 1.35 0.02 1.34 n.a. n.a. n.a.
Co/SiQ, 231 203 1.04 0.01 1.03 9.3 15 n.a.
Co/SiO-hydro 101 81 1.11 0.01 1.11 9.9 16 n.a.
Z/ColSi0, 319 25 0.18 0.13 0.05 13.8 13 193
Z/Co/SiO-noTEOS 134 20 0.12 0.05 0.07 23.6 14 14
S/Co/SiQ 321 25 0.17 0.13 0.04 14.4 14 n.a.
S/Co/SiQ-noTEOS 296 27 0.18 0.12 0.06 22.9 14 n.a.
H-ZSM-5 353 12 0.17 0.14 0.03 n.a. n.a. 41

3 BET surface ared® Mesopore surface area obtained from tipéot applied to the Nisotherm:® Total pore volume? Micropore
volume obtained from theplot; ® Mesopore volume calculated ¥$eso = Viotar Vimicro;  Obtained from ICP-OES Co crystallite size
calculated frond(Cc®) = 0.75(Co;0,), whered(Co,0,) is derived from XRD, applying the Scherrer equatiNot applicable.

section in Figure 5 reveals that its spongy stmectsi confined in a 3 um outer shell which holds th
catalyst particle together. The hydrothermal tramaftion of mesoporous silica spheres into hollow
zeolite shells is reported in the literature andnpoted by attaching zeolite crystallites to thécail
particles prior to the hydrothermal synthesis [42-#According to EDX analysis, a high concentration
of Co is located inside this shetif(Figure 5b and c).

Consistent with the Nphysisorption results, TEM images in Figure 6sthate that most of the
mesoporosity present in Co/Si@isappears in the case of Z/Co/gulihere agglomerates of individual
Cao30, crystallites are enwrapped in the zeolite coaffoly Figure 6a and b). The above results
demonstrate the preservation of the Coj/Sparticle shape, in which SjGacts as both mold and Si
precursor, transforming into zeolite. As a resait,H-ZSM-5 coating on the Co-catalyst is formed at
the level of its active metal crystallites. Appatgnthe CaO, crystallites do not sinter during the
coating procedure as the Co crystallite size bartkbnges during the synthesis (see Table 2). The Co
loading on Co/Si@and Co/Si@-hydrois similar (around 9.6 wt%), while it increasesl&8 and 23.6
wt% over Z/Co/SiQ and Z/Co/Si@noTEOS respectively (a similar trend is observed for &0,
and S/Co/Si@noTEOSas well). This considerable increase in the logdndue to the fact that while
Co stays in the catalyst structure, part of theahsed SiQ is transformed into loose zeolite crystals
that were separated from the spherical catalysicites. These zeolite particles did not contain Co.

TPR(H,) profiles of all the Co-catalysts are plotted ilgufe 7. Reduction of GO, to metallic
cobalt takes place through intermediate formatiérCoO [45, 46]. These two reduction steps are
clearly observed over Co/Si@here C38* reduces around 640 K to €avhich further reduces to €o
around 685 K. The small shoulder at 615 K may lebated to the reduction of very active Co
species of small size on the catalyst surface [#His shoulder disappears in the case of CafSiO
hydro. Other than that, there are no major differenea/éen the TPR(H profiles of Co/Si@hydro

62



'Zeolite-coatedversuszeolite-supported' bifunctional catalysts

Figure 4. Cross-sectional SEM micrographs of Co/$8{@), Co/SiG-hydro (b), and Z/Co/Si@(c) particles.
Scale bars correspond to 100 um.

Figure 5. Cross-sectional SEM micrograph (a) and EDX analybisand c) of Z/Co/Si@ Scale bars
correspond to 5 um.

and Co/SiQ. In the case of the zeolite-containing catalysit®e reduction shifts toward higher
temperatures. As compared with Co/giend Co/Si@-hydro the higher H consumption of the
zeolite-containing catalysts (suggested by theigda reduction peaks), points to their higher Co
loading and confirms the elemental analysis results

NHs-TPD profiles of H-ZSM-5 powder as well as Z/Co/g#nhd S/Co/SiQsamples are depicted in
Figure 8. Two NH desorption peaks are observed for H-ZSM-5 and BCk. The peak appearing
below 500 K, weakly visible in the pattern ofC8/SiG as well, is known to arise from weakly

4

Figure 6. TEM images of Co/Si@(a) and Z/Co/Si®(b) before activation. Scale bars correspond tar&0
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Figure 7. TPR(H) profiles (10 K mift) of Co containing samples.

adsorbed Nk molecules, and does not originate from the zeealel sites [29]. The characteristic
peak reflecting Brgnsted acidity is observed at-GB0 K over H-ZSM-5 [48]. This peak shifts to
565—-615 K over Z/Co/Si©and is totally absent in the case of S/CofSithough the Si/Al ratio of

Z/Col/SiG is about fiveimes greater than that of H-ZSM-5 (19&rsus4l, see Table 2), the Brgnsted

acid sites are clearly present in its structureviatht a lower strength as compared to the lattealygst.

3.3.2. Mesoporous zeolite-supported Co-catalyst

Employing Co/SiQ as the supported @0, precursor followed by a partial hydrothermal
transformation, results in the formation of an HMES coating over the Co. This FTS catalyst
possesses a combination of zeolite microporosity arcertain mesoporosity in the inter-crystalline
space (N physisorption results in Table 2, Figure B1 andApendix B). In order to synthesize a
‘carbon copy’ of the previous catalyst, where Cauldldoe on top of the zeolite rather than covered by

it, mesostructure was created in the crystallifdd3-ZSM-5 before being used as Co support.
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mesoH-ZSM-5

M

SIColSiO,

M

Z/ColSio,

H-ZSM-5
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Figure 8. NH,-TPD profiles (10 K mift) of zeolite-containing samples where Nwas adsorbed at 373 K
over H-ZSM-5, Z/Co/SiQ and S/Co/Si®and it was adsorbed at 473 K onegsdi-ZSM-5.

Textural properties ofnesdi-ZSM-5 and the corresponding supported catalystsreported in
Table 3. By the alkaline treatment the mesoportaseararea of the parent H-ZSM-5 increases from 12
to 114 nf g* and its mesopore volume increases by a factofdfdm 0.03 to 0.21 cing’. mesi-
ZSM-5 displays a type IV Nphysisorption isotherm with a well-developed hysses loop, closing at
ca. 0.42 relative N pressure, suggesting a high degree of hierarchisistructure which includes
large cavities communicated with smaller mesop¢ses Figure B3/Appendix B) [49]. On the other
hand, both the microporous and mesoporous zedlies the same micropore volume (0.14° gih
Table 3) which confirms that the desilication prdwes did not result in severe amorphization of the
zeolite crystallites.

Elemental analysis shows that the Co loading isstiee on both Co/H-ZSM-5 and Gw@sdi-
ZSM-5 and equal to 10.1 wt%. The Co crystalliteedias decreased considerably on the latter catalyst

Table 3  Textural and chemical properties of zeolite-supgmbdatalysts anchesdi-ZSM-5.

Sample S/nf gt Vicnt gt Co Si/Al
totaf mesé totaf micro” mes6 wtod ded/ nm

Co/H-ZSM-5 355 21 0.19 0.14 0.05 10.1 17 42

mesti-ZSM-5 448 114 0.35 0.14 0.21 fa  na n.d.

Co/mesdi-ZSM-5 376 88 0.28 0.12 0.16 10.1 11 26

3 BET surface ared® Mesopore surface area obtained from tipéot applied to the Nisotherm:® Total pore volume? Micropore

volume obtained from theplot; ® Mesopore volume calculated ¥$eso = Viotar Vimicro;  Obtained from ICP-OES Co crystallite size
calculated frond(Co®) = 0.7%(Co;0,), whered(Coy0,) is derived from XRD, applying the Scherrer equatfoNot applicable! Not

determined.
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which implies an improved dispersion over the suppath the higher degree of mesoporosity (see
Table 3).

NH3-TPD profile ofmesdi-ZSM-5 is depicted in Figure 8. In order to elimia the contribution of
weakly adsorbed N molecules, adsorption of ammonia was performed7& K. The Brgnsted
acidity of mestl-ZSM-5 is weakened upon desilication (as compaocethe parent zeolite) and the
acidic strength of this sample is to an extentlsinio Z/Co/SiQ. In this case, the desorption peak of
NH3 is centered around 565 K (analogous to Z/CofpuWith a shoulder at 675 K. This shoulder
corresponds to the stronger Brgnsted acid sitesngifrom domains in the structure of the origikial

ZSM-5 sample, which are partly preserved [50].

3.3.3. Catalyst performance in Fischer—Tropsch Isgsits
3.3.3.1. MFI coated Co-catalysts

FTS was performed over the synthesized catalysés séparating the spherical catalyst particles
from the loose zeolite crystals that were also fmntSince the Co loading of some samples changed
by the coating procedure, catalyst performancéntgstas carried out with a fixed Co mass rathentha
with an equal catalyst mass.

Figure 9 compares the carbon selectivity (Figunea8awell as the molar distribution (Figure 9b) of
FTS hydrocarbons, produced over Co/$iGo/SiQ-hydro, Z/Co/SiQ, and a physical mixture of
Co/SiQ with H-ZSM-5 (Co/SiQ + H-ZSM-5). In the latter catalytic system, prasde-ZSM-5
particles of 300-500 um were well mixed with Co/Siarticles of the same size, so that the final
catalyst mixture contained the same amount of Aha8Co/SiQ.

FTS results show that the CO conversion is compaiffab all the above-mentioned catalysts at 533
K, 10 bar total pressure and feed compositigiCBO® = 2 (insert in Figure 9a). C1 selectivity of
Co/SiG-hydrois 7% higher than that of Co/SiGrurthermore, a relative decrease in the chaintlro
probability « of the former catalyst (Figure 9b) reveals thainggCo/SiQ in a hydrothermal
environment slightly lowers the catalyst selecyivib long chain hydrocarbons. When the zeolite
coating is formed on the Co-catalyst, a consideraelviation from the ASF distribution is observed
above C7, resulting in an effective decrease in+C4&lectivity of Z/Co/Si@ in comparison with
Co/SiQ, (Figure 9a). The fact that C1 molar fraction o#€Co/SiQ; is lower than that over the
Co/SiG-hydro (see insert Figure 9b), implies that this furtdewiation from the ASF distribution is
not a regular decreasedrand has to do with the acid nature of the coating.

The product spectrum of Co/Si@oes not change when it is physically mixed witiz&M-5
(Co/SIQ, + H-ZSM-5), although a slight decrease in sel@gtito higher hydrocarbons is observed
(Figure 9). Considering that the Brgnsted aciditii€ZSM-5 is even stronger than that of Z/Co/giO
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Figure 9. Carbon selectivity (a) and fractional molar composi(b) of FTS products after 20 h on-stream at
533 K, 10 bar total pressure, feed compositigfCB = 2, andGHSV= 25.8 misp kg'c, h™'; m: n-
paraffins;z: sum of isoparaffins and olefings: methane molar fraction. Insert in (a) shows the
time-on-streamTO9§ evolution of CO conversion.

(Figure 8), this result shows that the close viginif the FTS active phase and acid sites in tloditee
coating is a crucial factor which increases thee@iVeness of Z/Co/SiOin lowering the C12+
production. This observation is consistent with s been reported in literature for similar ozl
structures [18-22].

TEM images of Z/Co/Si@suggest that the H-ZSM-5 coating is located olier@o active phase,
rather than around the original precursor pltiFigure 6b). So to demonstrate this, oZBIO,
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Figure 10. Time-on-streamTO9 evolution of CO conversion during FTS at 533 K,bhr total pressure, feed
composition H/CO = 2, and5HSV= 25.8 misrpkg’co bt

catalyst particles were crushed and re-pelletipetheir original size (‘Z/Co/Si@crushed) prior to

the FTS reaction. Time-on-stream§ evolution of CO conversion and carbon selectivafythis
sample are included in Figure 10 and 11, respdgtiwdere reaction conditions are similar to those
Figure 9. The catalytic performance of Z/Co/gibes not change considerably upon crushing the
particles. This result reveals that the zeolitetiogais effective at the level of Co agglomerateesi

(nm) rather than the catalyst particle size (um).

25
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10 1 ¢ . Z/Co/SiO,-crushed
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Figure 11. Carbon selectivity of FTS products after 20 h oean at 533 K, 10 bar total pressure, feed
composition H/CO = 2, andGHSV= 25.8 msrp kg'co h; m: n-paraffins;z: sum of isoparaffins
and olefins.

68



'Zeolite-coatedversuszeolite-supported’ bifunctional catalysts

25
60
X
20 - 2 %] — . .
8 40 |
><4 1 ‘\-‘\_‘
30—+
\015- 0 5 10 15 20 25 30 35
i TOS /h
n ® Co/Sio,

10 A E

A Z/Co/SiO,

\

n/-

Figure 12. Carbon selectivity of FTS products after 20 h gean at 533 K, 10 bar total pressure, feed
composition H/CO = 1, andGHSV= 25.8 msrp kg, h; m: n-paraffins;z: sum of isoparaffins
and olefins. Insert shows the time-on-streda@$ evolution of CO conversion.

Absence of the acid functionality in the case titalite-1-coated Co samples leads to a dramatic
drop in their activity, where S/Co/SjQleactivates almost in the initial stage of thectiea and the
CO conversion of S/Co/SYKhoTEOSdecreases bga. 50% as compared to Z/Co/SHO0TEOS
(Figure 10). TGA analysis (Figure B4/Appendix B)osls that upon heating in an oxidizing
atmosphere, the spent S/Co/gl@ses more weight than the spent Z/CofSithis reveals that in spite
of its much lower activity and productivity duriige FTS reaction, more carbonaceous species stay
within the particles of S/Co/SiO

Carbon selectivity and CO conversion of Co/S#hd Z/Co/SiQ are compared in Figure 12 at
reaction conditions similar to those in Figure 9-4udt at the more demanding/B0O feed ratio of 1.
Lowering the H/CO ratio promotes the wax (C21+) formation over3i0,, whereas this fraction is
minor for Z/Co/SiQ. CO conversion over Z/Co/Sjds 8% lower than that over Co/SiQFigure 12
inset). In this case, since lis the limiting reactant, CO conversion cannoteext50% (unless water-
gas-shift reaction is catalyzed). On the other haedreasing the Honcentration lowers the rate of

hydrogenation reactions and therefore, much lesis @doduced than at an#O feed ratio of 2.

3.3.3.2. H-ZSM-5-supported Co-catalysts

FTS results over H-ZSM-5 directly applied as Copmurp (Co/H-ZSM- 5) at 513 K, 15 bar total
pressure, and feed compositiog/ GO = 2 are reported in Figure 13 and Table 4. Cleconversion
level of Co/H-ZSM-5 is considerably lower than tb&tCo/SiQ while it is similar to Z/Co/Si@under
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Figure 13. Carbon selectivity (a) and fractional molar composi(b) of FTS products after 20 h on-stream at
513 K, 15 bar total pressure, feed compositiofCO® = 2, andGHSV= 2.4 nisp kg’ b m: n-

paraffins;z: sum of isoparaffins and olefings1: methane molar fraction. Insert in (a) shows the
time-on-streamTO9§ evolution of CO conversion.

the reaction conditions (see Table 4 and the inserfigure 13). As compared with Co/SiO
production of C12+ is reduced over both Z/Co/S&dd Co/H-ZSM-5, while the coated catalyst is
more effective (Table 4).

Upon introduction of mesoporosity to the H-ZSM-bystallites, CO conversion increases
dramatically from 32% over Co/H-ZSM-5 to 82% oveo/@estl-ZSM-5. Moreover, the latter
catalyst is more efficient in lowering the C12+ ¢hwation, as indicated by the carbon selectiatd
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Table 4  CO conversion after 20 h on-stream and carbonthétexs of different FTS product fractions.

Process Conditions Catalyst Xco! % S/ % O/P (C2-4)
C1 C2-C4 C5-Cl11 Cil2+ GO
533 K, 10 bar, HCO =2, Co/SiQ 87 14 15 43 15 13 0.45
25.8 migrpkglc, ht Co/SiG-hydro 91 21 19 37 11 13 0.24
Z/ColSiQ, 85 21 25 40 6 9 0.23
Z/Co/SiQ-crushed 85 20 25 42 6 7 0.22
Z/Co/SiQ-noTEOS 91 21 23 38 7 12 0.18
S/Co/SiQ-noTEOS 42 16 23 41 15 5 1.84
Co/SiQ + H-ZSM-5 83 14 17 40 14 15 0.55
533K, 10 bar, HCO =1,  Co/SiQ 43 6 8 47 33 5 1.90
25.8 migrpkglc, ht Z/ColSiG, 35 11 16 53 16 4 1.37
513K, 15 bar, HCO =2,  Co/SiQ 59 9 8 31 49 4 1.72
2.4 migrp kg ey h? Z/ColSiG 31 21 20 40 17 2 0.64
Co/H-ZSM-5 32 19 16 43 21 1 0.89
Colmesti-ZSM-5 82 19 17 46 15 3 0.80

2 Olefin to paraffin ratio of C2—-C4.

ASF distribution (Figure 13). Taking into considi#ma that they-axis in Figure 13b is presented in
logarithmic scale, hydrocarbon molar fractions abdv16 deviate progressively from the ASF
distribution over Cahestl-ZSM-5. Therefore, while being the most active planthis mesoporous
H-ZSM-5-supported Co-catalyst is also the mostctiele one to the gasoline-range, as compared to
the other bifunctional catalysts, including H-ZSMe®ated Co (see Table 4).

3.4. Discussion

With regard to the recent literature on bifunctioRa@S catalysts, H-ZSM-5 is one of the most
promising zeolite candidates for use in breakirgABF selectivity and thus increasing the produnctio
of liquid fuels through one-step FTS, for the fallag reasons: (1) it is one of the few zeolites
industrially produced and applied for acid-catatygdrocarbon conversion reactions [51], (2) due to
its narrow channel type structure and well distiélouacid sites, it represents a (relatively) stable
catalytic performance, especially at LTFT procemsddions [16, 27], and (3) besides acid-catalyzed
cracking, it has a fair isomerization and oligomation activity at low temperatures [52] which is
essential to increase the octane number in cagasoiine cut and improve the cold flow propertiés o
diesel [34].

The concept of coating the FTS catalyst particlél weolites to tune their product selectivity was
first introduced by Tsubaki and co-workers [53, Bdhnalogy to earlier work for other reactions,[55
56]. A series of hydrothermal procedures were apdpid synthesize acidic or inert zeolite coatirgs (
ZSM-5 [18, 36, 53, 54, 57-60], H-Beta [19, 38, 64djd silicalite-1 [62]) over supported cobalt [18,
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19, 38, 53, 54, 57-59, 61] and iron [36, 62] cattly It is reported that the direct exposure of
conventional FTS catalyst particles to the zeofiimthesis solution followed by hydrothermal
treatment results in formation of a so-called ‘eshell’ structure for the subsequent catalyst, wher
the FTS catalyst ‘core’ is enwrapped in an out@lize ‘shell’. In spite of interesting catalytiesults,

the catalyst structure description was mainly based qualitative characterization by cross-seefion
SEM micrographs of the patrticles, hardly providdejailed information on the sample structure at the
Co crystallite level. The physical appearance @ted catalysts depends on parameters such asfsize o
the precursor catalyst particle (‘core’) and itst@nial, in combination with the hydrothermal syrdise
conditions. At fixed synthesis durations, less teat reported to form over larger Co/Sifarticles
[57]. This was attributed to the lower accessibiimnal surface area of larger metal supported, SiO
pellets [57, 60] which gave a core-shell appearamtke resulting catalyst. The alternative is ctihg
supported catalysts that do not transform into i)l such as Co/AD; [19, 38, 61]. Nevertheless,
there is no evidence that Co does not build uiménduter zeolitic ‘shell’ and/or zeolite layers ot
form inside the porous structure of these suppafter their exposure to the synthesis solution and
hydrothermal synthesis. Our work with Co/3i@pplying similar hydrothermal procedures for the
formation of the zeolite coating on various refeersamples, demonstrates that indeed a shell is
formed around the catalyst particle and that thee aaf the particle is partly consumed for this
(ZICo/SiGy). Furthermore, the Co phase is present not onllgercore, but also in the shell and seems
to be encapsulated by the zeolite (Figure 6). H®tiacture is further confirmed by the similar
performance before and after crushihg catalyst particle prior to its use in FTS. Najon changes
were observed in the selectivity (Figure 11); whsrefor a ‘core-shell’ structure the product slate
should shift toward that of the ‘core’ (Co/S)Qupon crushing.

It is apparent that the effectiveness of the bifiamal catalytic system, in terms of breaking the
ASF selectivity in FTS, correlates with the vicindf FTS active phase and acid functionality. Séhau
et al.[17] studied the combination of individual Co#® and Ni/ZSM-5f-Al ;03 particles in different
catalyst bed configurations. The carbon molar foacof FTS wax (C21+) was 8 times lower over the
physical mixture of the two catalysts compared todwal bed catalytic system, where the
hydrocracking catalyst (Ni/ZSM-/Al,03) was placed downstream the FTS layer. This eficyeis
increased further by bringing the acid functiornailit an even closer contact with the FTS activespha
in the form of coating compared to a physical miat(cf. Z/Co/SIGQ and Co/SiQ + H-ZSM-5 in
Figure 9 and Table 4). It is known that larger logdirbons are more prone to hydrocarbon conversion
reactions including hydrocracking due to their sger adsorption [34, 63]. The possible originshaf t
proximity effect can be described as follows: wlaand sites are in a close vicinity to FTS reaction

environment, at a nanometer scale, the olefinic Fy8rocarbons may adsorb on them and
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subsequently crack or isomerize before they aredgyghated on a neighbor metal [13]. At the same
time, an intimate contact between (de)hydrogenataond acid functionalities promotes the
hydroprocessing reactions [51]. Further, if acte siomains aréar from Co, formed hydrocarbons are
more likely to escape from the acid-catalyzed ieast Comparing the product spectrum of
Z/Co/SiG-noTEOSwith S/Co/SiQ-noTEOS(which is devoid of zeolite acid sites), showst ttiee
latter produces much more C12+ (see Figure 11} fidsult confirms that the product spectrum of the
bifunctional catalyst is determined by the acidabated reactions in addition to an intrinsic FT@ich
growth. Otherwise, similar product slates were etge for both H-ZSM-5-coated and silicalite-1-
coated Co-catalysts.

In line with literature [18-21, 36, 38, 53, 54, 62}, the coated catalysts exhibit lower CO
conversion levels than the conventional Co/SiSince FTS catalysts in general are not highly
productive, any loss in activity should be constdeas a serious obstacle for practical applications
This decrease in the CO conversion is attributedifoision limitations, introduced by the coating
layer. The mass transport restriction is verifigastudying the silicalite-1-coated samples duriiggF
In the latter case, an activity loss can be expldiby the membrane effect of the coating which slow
down the diffusion of large hydrocarbons througé thactive silicalite-1 micropores. This increases
the accumulation of long chain hydrocarbons overaCiive phase and suppresses the FTS activity.
TGA analysis confirms this larger residue on therngpparticles of silicalite-1-coated Co-catalyst
(Figure B4/Appendix B). If the zeolite coating isidic, hydrocarbons are chopped to smaller frastion
which can leave the catalyst particle easier. Thege Z/Co/SiQ-noTEOSexhibits a much higher
activity than S/Co/Si@noTEOS(see Figure 10).

A closer look at the cumulative representation B&Fproduct carbon selectivities in Table 4 reveals
that formation of C12+ decreases by at least 5086 qgpating the FTS active phase with H-ZSM-5
(Co/SiQ, versusZ/Co/SiQ). However, this decrease is at the cost of a denable increase in C2—-C4
fraction, rather than the gasoline-range hydroaasb(C5—C11). Although, proximity of the FTS
active phase and the acid component is achievabebgoating approach, the membrane effect of the
zeolite layer promotes the adsorption of FTS hydroons on acid sites, resulting in their over-
exposure to acid-catalyzed reactions and over-orgak lighter fractions which are less valuablarth
C5+. In that sense, thinner coatings should reisuld better balance between FTS and cracking
activity, that is a synthesis optimization problem.

Alternatively, the above-mentioned cooperative@actdf FTS and acid sites can be enhanced by
employing the acidic zeolite as FTS catalyst suppgdowever, due to the low external/mesopore
surface area, the Co crystallite size tends toeas® when applied to microporous zeolites at high

loadings. So, while the syngas conversion over MAZAscoated Co is restricted by diffusion
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limitations, it suffers from poor metal dispersioner the H-ZSM-5-supported Co and both catalysts
show reduced FTS activity as compared with Coffgee inserts in Figure 12 and 13a and Table 4).
By introducing porous hierarchy in the zeolite ¢ajlges, Co dispersion increases due to the prEsen
of mesoporosity, while the diffusive transport be tCo improves. This considerably enhances the CO
conversion over Catesdi-ZSM-5, compared to Co/H-ZSM-5 (829&rsus32%, respectively).
Furthermore, waxes are more exposed to the a@sd sitComesil-ZSM-5 where they are formed
on Co, located inside the zeolite crystallite ratthean on its external surface. Thus, in spitetsf i
weaker acidity (see Figure 8), a more pronouncethtien from ASF selectivity is observed over the
mesoporous-supported H-ZSM-5 Co-catalyst compavetthd microporous one (see Figure 13b). In
other words, Canesti-ZSM-5 features the advantages of Z/Co/5ifd terms of close proximity
between FTS active phase and acid sites, with thbge conventional supported catalysts in terins o
a decent mass transport. This results in an adfiV® catalyst which breaks the classical ASF

distribution, reducing wax formation and yieldinigedttly liquid fuel.

3.5. Conclusions

Two structurally different H-ZSM-5-containing Cotalysts have been synthesized and thoroughly
characterized, where the zeolite acts either amang layer over Co agglomerates or as a mesoporou
Co support. In the first case, silica in a convaml Co/SiQ FTS catalyst transforms into the zeolite
when subjected to the hydrothermal synthesis (sihtine art method to prepare zeolite coatings)
while the original shape of the support is presgradter the transformation. By this synthesis
approach, CgD, agglomerates are enwrapped in an H-ZSM-5 coatm@ manometer scale. In the
second catalyst configuration, the close vicinitytlee FTS and acid sites is achieved by introducing
the FTS active phase into mesoporous zeolite dhyssa

Catalytic performance comparison with physicallyxed and non-acidic coated catalysts shows
that close proximity between the two phases isndsdefor improving the bifunctionality of the
catalyst to eliminate the heavy FTS hydrocarbortee Thembrane effect of the coating, however,
results in mass transport resistances, loweringtbéuctivity, and in the absence of acid functlipa
accumulation of carbonaceous species deactivagesilicalite-1-coated reference catalyst. The H-
ZSM-5-coated Co-catalyst shows lower CO converégmels than the conventional Co/Si@ue to
the membrane coating. This activity loss shoulddresidered as the major drawback of this approach
and can be overcome when the Co active phaseestlgiideposited on mesoporous H-ZSM-5. This
approach improves the Co dispersion and enhancex€assibility while keeping the important close
proximity of the two functionalities. As a resulbhe catalyst exhibits both a high activity and ghhi

selectivity to gasoline-range hydrocarbons, bregime ASF distribution. Altogether, our results
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demonstrate that the use of mesoporous zeolit€d Sssupports holds many promises for the direct

synthesis of liquid fractions from syngas.

References

[1] M.E. Dry, Appl. Catal. A-Gen. 276 (2004) 1-3.

[2] E. van Steen, M. Claeys, Chem. Eng. Technol(2808) 655-666.

[3] O.0. James, A.M. Mesubi, T.C. Ako, S. Maity,dFProcess. Technol. 91 (2010) 136-144.

[4] R. Luque, A.R. de la Osa, J.M. Campelo, A.A.nfwo, J.L. Valverde, P. Sanchez, Energy
Environ. Sci. 5 (2012) 5186-5202.

[5] A. de Klerk, E. Furimsky, Catalysis in the Refig of Fischer-Tropsch Syncrude, RSCPublishing,
Cambridge, UK, 2010.

[6] C.G. Visconti, E. Tronconi, L. Lietti, P. Forza S. Rossini, R. Zennaro, Top. Catal. 54 (2011)
786-800.

[7] S.T. Sie, M.M.G. Senden, H.M.H. Van Wechem,alatoday 8 (1991) 371-394.

[8] R. Guettel, U. Kunz, T. Turek, Chem. Eng. Teagh81 (2008) 746-754.

[9] F. Kapteijn, R.M. de Deugd, J.A. Moulijn, Catdloday 105 (2005) 350-356.

[10] R.M. de Deugd, F. Kapteijn, J.A. Moulijn, ToPatal. 26 (2003) 29-39.

[11] S.R. Deshmukh, A.L.Y. Tonkovich, J.S. McDanitlD. Schrader, C.D. Burton, K.T. Jarosch,
A.M. Simpson, D.R. Kilanowski, S. LeViness, Biofaédl (2011) 315-324.

[12] B. Sun, M. Qiao, K. Fan, J. Ulrich, F. Tao,&mCatChem 3 (2011) 542-550.

[13] R. Oukaci, J.C.S. Wu, J.G. Goodwin Jr, J. C4atkO (1988) 47-57.

[14] K. Jothimurugesan, T. Gordon, S.K. Gangwale@hLett. CL-970870 (1998) 377-378.

[15] N. Tsubaki, Y. Yoneyama, K. Michiki, K. Fujinim, Catal. Commun. 4 (2003) 108-111.

[16] A. Martinez, J. Rollan, M.A. Arribas, H.S. @ereira, A.F. Costa, E.F. S.-Aguiar, J. Catal. 249
(2007) 162-173.

[17] A. Freitez, K. Pabst, B. Kraushaar-Czarnet&iSchaub, Ind. Eng. Chem. Res. 50 (2011) 13732-
13741.

[18] J. He, Z. Liu, Y. Yoneyama, N. Nishiyama, Nsubaki, Chem.-Eur. J. 12 (2006) 8296-8304.

[19] X. Li, J. He, M. Meng, Y. Yoneyama, N. Tsubaki Catal. 265 (2009) 26-34.

[20] X. Huang, B. Hou, J. Wang, D. Li, L. Jia, héh, Y. Sun, Appl. Catal. A-Gen. 408 (2011) 38-46.

[21] C. Li, H. Xu, Y. Kido, Y. Yoneyama, Y. Suehirtl. Tsubaki, ChemSusChem 5 (2012) 862-866.

[22] B. Sun, G. Yu, J. Lin, K. Xu, Y. Pei, S. YaMl. Qiao, K. Fan, X. Zhang, B. Zong, Catal. Sci.
Technol. 2 (2012) 1625-1629.

[23] S. Bessell, Appl. Catal. A-Gen. 96 (1993) Z538B.

[24] G. Calleja, A. de Lucas, R. van Grieken, Fi#l(1995) 445-451.

[25] S.H. Kang, J.H. Ryu, J.H. Kim, P.S.S. Prash@/. Bae, J.Y. Cheon, K.W. Jun, Catal. Lett. 141
(2011) 1464-1471.

[26] K. Cheng, J. Kang, S. Huang, Z. You, Q. ZhahgDing, W. Hua, Y. Lou, W. Deng, Y. Wang,
ACS Catal. 2 (2012) 441-449.

[27] A. Martinez, S. Valencia, R. Murciano, H.S.r@geira, A.F. Costa, E.F. S.-Aguiar, Appl. Catal.
A-Gen. 346 (2008) 117-125.

[28] A.M. Subiranas, G. Schaub, Int. J. Chem. Re&awey. 5 (2007) Article A78.

[29] J. Kang, K. Cheng, L. Zhang, Q. Zhang, J. DM Hua, Y. Lou, Q. Zhai, Y. Wang, Angew.
Chem.-Int. Edit. 50 (2011) 5200-5203.

[30] A. Martinez, C. Lopez, Appl. Catal. A-Gen. 2@2005) 251-259.

[31] C.J. Machiels, R.B. Anderson, J. Catal. 58/@268-275.

[32] E.A. Medvedkova, Kinet. Catal. 32 (1992) 82248

[33] R.J. Gormley, V.U.S. Rao, R.R. Anderson, R3hehl, R.D.H. Chi, J. Catal. 113 (1988) 193-
205.

75



Chapter 3

[34] C. Bouchy, G. Hastoy, E. Guillon, J.A. Marte@sl Gas Sci. Technol. 64 (2009) 91-112.

[35] A.Y. Khodakov, W. Chu, P. Fongarland, ChemvRE)7 (2007) 1692-1744.

[36] J. Bao, G. Yang, C. Okada, Y. Yoneyama, N.bEdu, Appl. Catal. A-Gen. 394 (2011) 195-200.

[37] J.C. Groen, L.A.A. Peffer, J.A. Moulijn, J. feé-Ramirez, Colloid Surf. A-Physicochem. Eng.
Asp. 241 (2004) 53-58.

[38] J. Bao, J. He, Y. Zhang, Y. Yoneyama, N. T«ilbangew. Chem.-Int. Edit. 47 (2008) 353-356.

[39] J. Pérez-Ramirez, C.H. Christensen, K. EgelilaH. Christensen, J.C. Groen, Chem. Soc. Rev.
37 (2008) 2530-2542.

[40] D. Verboekend, S. Mitchell, M. Milina, J.C. @m, J. Pérez-Ramirez, J. Phys. Chem. C 115
(2011) 14193-14203.

[41] M. Noack, P. Kolsch, A. Dittmar, M. Stohr, Gseorgi, R. Eckelt, J. Caro, Microporous
Mesoporous Mat. 97 (2006) 88-96.

[42] A. Dong, N. Ren, W. Yang, Y. Wang, Y. Zhang, Wang, J. Hu, Z. Gao, Y. Tang, Adv. Funct.
Mater. 13 (2003) 943-948.

[43] J. Shi, N. Ren, Y.H. Zhang, Y. Tang, Microposaviesoporous Mat. 132 (2010) 181-187.

[44] L.H. Chen, X.Y. Li, J.C. Rooke, Y.H. Zhang,¥.Yang, Y. Tang, F.S. Xiao, B.L. Su, J. Mater.
Chem. 22 (2012) 17381-17403.

[45] P. Arnoldy, J.A. Moulijn, J. Catal. 93 (19853-54.

[46] W. Chu, P.A. Chernavskii, L. Gengembre, G.AnKina, P. Fongarland, A.Y. Khodakov, J. Catal.
252 (2007) 215-230.

[47] B. de Rivas, R. Lépez-Fonseca, C. Jiménez-@leaz J.I. Gutiérrez-Ortiz, J. Catal. 281 (2011)
88-97.

[48] F. Lonyi, J. Valyon, Microporous Mesoporous tVé&7 (2001) 293-301.

[49] J.C. Groen, L.A.A. Peffer, J. Pérez-Ramirez;mporous Mesoporous Mat. 60 (2003) 1-17.

[50] J.C. Groen, W. Zhu, S. Brouwer, S.J. HuyniRk,Kapteijn, J.A. Moulijn, J. Pérez-Ramirez, J.
Am. Chem. Soc. 129 (2007) 355-360.

[51] M. Rigutto, Cracking and Hydrocracking, in:Qejka, A. Corma, S. Zones (Eds.) Zeolites and
Catalysis: Synthesis, Reactions and Application$l.BV-VCH Verlag GmbH & Co. KGaA,
Weinheim, 2010, pp. 547-584.

[52] A. Martinez, G. Prieto, A. Garcia-Trenco, EeriB, Advanced Catalysts Based on Micro- and
Mesoporous Molecular Sieves for the Conversion afukal Gas to Fuels and Chemicals, in: J.
Cejka, A. Corma, S. Zones (Eds.) Zeolites and Csiil\Synthesis, Reactions and Applications,
WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim, 2010pp649-685.

[53] J. He, B. Xu, Y. Yoneyama, N. Nishiyama, Nulbaki, Chem. Lett. 34 (2005) 148-149.

[54] J. He, Y. Yoneyama, B. Xu, N. Nishiyama, Nulbaki, Langmuir 21 (2005) 1699-1702.

[55] N. Nishiyama, K. Ichioka, D.H. Park, Y. EgashiK. Ueyama, L. Gora, W. Zhu, F. Kapteijn, J.A.
Moulijn, Ind. Eng. Chem. Res. 43 (2004) 1211-1215.

[56] N. Nishiyama, K. Ichioka, M. Miyamoto, Y. Edasa, K. Ueyama, L. Gora, W. Zhu, F. Kapteijn,
J.A. Moulijn, Microporous Mesoporous Mat. 83 (20@8y-250.

[57] G. Yang, J. He, Y. Yoneyama, Y. Tan, Y. Han, Tsubaki, Appl. Catal. A-Gen. 329 (2007) 99-
105.

[58] G. Yang, J. He, Y. Yoneyama, Y. Tan, Y. Han,TSubaki, Res. Chem. Intermed. 34 (2008) 771-
779.

[59] G. Yang, J. He, Y. Zhang, Y. Yoneyama, Y. T&nHan, T. Vitidsant, N. Tsubaki, Energy Fuels
22 (2008) 1463-1468.

[60] G. Yang, Y. Tan, Y. Han, J. Qiu, N. Tsubakat&l. Commun. 9 (2008) 2520-2524.

[61] M. Thongkam, G. Yang, T. Vitidsant, N. Tsubaki Jpn. Pet. Inst 52 (2009) 216-217.

[62] N. Jiang, G. Yang, X. Zhang, L. Wang, C. $i,Tsubaki, Catal. Commun. 12 (2011) 951-954.

[63] J. Wei, Ind. Eng. Chem. Res. 33 (1994) 2467224

76



L Chapter 4 ]

Breaking the Fischer-Tropsch synthesis selectivity:

Direct conversion of syngas to gasoline-range

hydrocarbons over hierarchical Co/H-ZSM-5
catalysts

This Chapter is based on the following publication:

S. Sartipi, K. Parashar, M. Makkee, J. Gascon,dpt&ijn, Catal. Sci. Technol. 2q13) 572-575.



Abstract: Combination of Fischer-Tropsch synthesis and &artttionalities in one single catalyst
particle is reported. The resulting bifunctionaltatyst is capable of producing gasoline-range

hydrocarbons from synthesis gas in one catalygip giith outstanding activities and selectivities.




Breaking the Fischer-Tropsch synthesis selectivity

4.1. Introduction

The Fischer-Tropsch synthesis (FTS) is a key stepe transformation of various non-petroleum
carbon resources such as natural gas, coal, amilabginto clean hydrocarbon fuels and valuable
chemicals. Since the FTS product spectrum is betiewo follow the Anderson-Schulz-Flory (ASF)
distribution, it is theoretically impossible to setively synthesize hydrocarbon fractions in thesdl
and/or gasoline-ranges [1]. Therefore, the statdhefart gas-to-liquid (GTL) processes are based on
FTS followed by downstream conversion units (prethamtly hydrocrackers in the case of Co-based
FTS) [2]. This layout is economically feasible ontes applied at large scale, but is less suitdbie
the production of liquid fuels from remotely disped syngas resources such as biomass and offshore
flare gas [3].

Recently, the combination of zeolites with FTS btz in one reaction step has gained a great deal
of attention as a tool to develop smaller scale @facesses. This approach aims to minimize the
demands on the refining units, especially hydrdaes; by maximizing the production of desired
liquid fractions in FTS reactors. The use of acideolites as FTS catalyst supports and/or as co-
catalysts deviates from the ASF limitation, yielgliproducts mainly in the gasoline-range with high
selectivities to isoparaffins [4]. In these catmydystems, the primary hydrocarbons, formed on the
FTS active sites, migrate to the micropores of zbelite where (hydro)cracking and isomerization
occur. Nevertheless, the low external/mesoporeasarfarea of zeolites, their poor mass transport
properties and the fast deposition of coke [5] eausumber of limitations which are addressedis th
Chapter.

Along with the development of efficient methodsatteviate diffusion limitations in zeolites [6-8],
the first examples of mesoporous zeolites as FTpa@ts have been published very recently. Co
supported on a slightly mesoporous zeolite Betapsrted to give a better FTS catalytic performance
in terms of CO conversion with lower methane andghar C6+ selectivities. However, the
improvement was insignificant in comparison witke tmmodified Beta sample [9]. A comprehensive
study on 3 wt% Ru supported on desilicated ZSM-8& Beta zeolites revealed that the activity for
hydrocarbon reactions of FTS products correlatdh thie extent of support mesoporosity as well as
with its acid strength [10, 11]. In spite of theoprising results, it is fair to admit that Ru is ribe
preferred metal of choice for large scale applamaidue to its high prise and the formation of tiigla
Ru-carbonyls under reaction conditions [12].

In this Chapter, the performance of Co-based FT&lysds supported on hierarchical H-ZSM-5 is
presented. The performance of the new bifunctioatdlyst is compared with Co supported on,3©
a conventional FTS catalyst.
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4.2. Experimental
4.2.1. Materials

Amorphous Si®@ with surface area and pore volume of 293gh and 1.35 crhg?, respectively,
was provided by Fuji Silysia Chemical Ltd. (CARIAG@J-10). ZSM-5 zeolite in ammonium form with
nominal Si/Al of 40 was purchased from Zeolyst (CB8014). NaOH pellets, 1 M
tetrapropylammonium hydroxide (TPAOH) solution, af@b(NG;),-6H,O were purchased from
Sigma-Aldrich. NHNO; was provided by Merck. All chemicals were usedhwitt any further
purification steps.

4.2.2. Synthesis

Ammonium form of ZSM-5 was calcined at 823 K forh5to obtain the parent H-ZSM-5.
Desilication of H-ZSM-5 powder was carried out ifrMLNaOH or TPAOH aqueous solutions in a
capped vessel (volumge soluiofVeighbarent H-zsm-5= 8 cnt gt) and under stirring at 343 K for 1 h in an
oil bath. This treatment was followed by immedigteenching in an ice bath and centrifugation to
separate the zeolite powder from solution. Thedresiof the desilicating agent was removed from
zeolite crystallites by subsequent redispersiordémnized water and centrifugation cycles until
neutral pH was reached. In the case of NaOH traairntee zeolite was ion-exchanged with an excess
of 0.1 M NH,NO; at room temperature for 15 min in three additianalles and thoroughly washed.
Mesoporous H-ZSM-5 samples were then kept overragBB3 K followed by drying at 393 K for 12
h and calcination at 823 K for 5 h. The mesoporBlBSM-5, obtainedvia alkaline and organic
treatments, are denotedrassoH-ZSM-5(a) andmesoH-ZSM-5(0), respectively.

Amorphous SiQ, parent H-ZSM-5 as well as mesoporous zeolite $ssnpere employed as
catalyst supports and loaded with 10 wt% of Co,lyapg incipient wetness impregnation with a
Co(NG;),- 6HO aqueous solution. Before impregnation, all thepsuts were dried overnight at 393
K. Only in the case of parent H-ZSM-5, two impregma steps were required (due to its low pore
volume) in between of which the sample was drie83& K for 5 h. After impregnation, samples were
kept overnight in a desiccator at room temperasune dried at 393 K for 12 h. Finally, the catalysts
were calcined at 673 K for 2h. For all the abovestiomed drying and calcination steps a heating rate
of 2 K min' and static air conditions were applied.

4.2.3. Characterization
N2 physisorption experiments were performed in ano8oitb-6B unit (Quantachrome Instruments)
at liquid nitrogen temperature (77 K). Prior to #geriment, all samples were degassed overnight in

an Autosorb Degasser unit (Quantachrome Instrurpantier vacuum at 623 K.
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4.2.4. Fischer-Tropsch synthesis

FTS experiments were performed on the six-flowdibbed microreactor setup described in Chapter
2. For all experiments, 0.5 g of fresh catalysttipkes were fixed in the reactor inserts using tuar
wool. Samples were first activatéulsitu with 80 cnistp min™ of H, at 673 K for 12 h at atmospheric
pressure followed by cooling to 453 K undes #bw. After increasing the pressure to the process
value (15 bar total pressure), CO was graduallsothiced to the feed stream at 453 K in order to
reach its final concentration §lLO = 2) in 1 h. Subsequently, the reactor wasduktd the process
temperature (513 K). A rate of 2 K rifinvas applied for all the heating/cooling steps.

During the experiment, heavy hydrocarbons (wax)enmilected by gas/liquid separators at 448 K
and reaction pressure. Lighter hydrocarbons anérwagre collected in cold traps @t. 278 K and
atmospheric pressure. After separation from wdtegse hydrocarbons as well as the wax were
weighted, dissolved in GSand analyzed offline by a simulated distillati@mDis) GC (Hewlett
Packard 5890, Series Il) equipped with an FID amdIHcolumn (7.5 m x 0.53 mm, Film Thickness
2.65um), using He as carrier gas. During the analybis,aven temperature was ramped from 308 to
623 K (14 K min') and kept at the final temperature for 5 min.

N, CO, and CQas well as light hydrocarbons in the gas phase aealyzed online by a Compact
GC (Interscience), equipped with three columnsdaetdctors in parallel, applying He as carrier ¢ras.
the first column (Carboxen 1010, 10 m x 0.32 mm) GO, CH, and CQ were separated at 333 K
and analyzed by TCD. In the second column,@MKCI, 10 m x 0.32 mm) and FID detection,
separation between all C1-C4 components was achew434 K. In the third column (RTx-1 Qu%,

15 m x 0.32 mm) C5-C10 hydrocarbons were sepa&dt®@d3 K and analyzed by FID.

A pseudo-steady-state catalytic behavior was athefter 20 h on-stream when selectivity data
were collected and the carbon balance was satibfietD0O + 5%. CO conversion, carbon selectivity,
and molar fraction of each product were definedBog. (1), (2), and (3), respectively, whefeo
stands for CO conversiof, indicates the molar flow§ is the carbons selectivity of a product with
carbon number anglis its molar fraction.

F nF,

-F
XcO = wx 100 (1)) SCn = —(lfjnxloo (2)’ nd = N : (3)
neo l:coz + Z nk, Z Fen
n=1 n=1

4.2.5. Acid-catalyzed reactions

Acidic catalyzed reactions @fC6 were performed in a fixed-bed stainless-steattor. 0.25 g of
the alkaline treated H-ZSM-5ngsoH-ZSM-5(a)) particles were fixed in the reactor center (3.9 m
inner diameter) by quartz wool. The catalyst wasatied overnight underHlow at 673 K and
atmospheric pressure. After cooling to 513 K thealtgpressure was increased to 15 bar and

subsequently a mixture oEC6, H, and N was fed to the reactoB{ = 13 mokg kgca W, molar
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composition: H/n-C6 = 9.0, N/H, = 2.0). After 20 h on-stream, data collection tetérat different
reaction temperatures. The reactor was kept fora® &ach temperature before measurements. The
product stream was analyzed online by a Compact(l@terscience), equipped with Porabond Q
column at 363 K (10 m x 0.32 mm) and FID, using asethe carrier gas. Yield of the hydrocarbon
products Ycn) was defined by Eq. (4):

Y. =

Cn

For_x100% )

Fin,n-CG

o>

4.3. Results and discussion

The textural properties of these supports are ptedein Table 1. Under similar treatment
conditions, NaOH results in a more severe desitinathan TPAOH, creating mesostructures with
pore sizes and volumes very similar to the amorpl®8@ reference support. This difference is visible
in the textural properties (Table 1) as well ashie TEM images of the corresponding catalysfs (
Figure C4e and f/Appendix C). In line with previooisservations [13], a more controlled desilication
with TPAOH gives rise to more mesoporosity with ggoin the range of 4-8 niMmesoHZSM-5(0)
shows a clear type IV hysteresis uponadsorption at 77 K (see Figure C1/Appendix C).sGte of
the hysteresis gi/p, = 0.42 {.e., N, cavitation) suggests a high degree of hierarchly {@rge cavities
communicated with smaller mesopores.

Temperature-programmed NHesorption profiles (Figure C2/Appendix C) showmaximum at
around 700 K for both parent angsoH-ZSM-5(a) supports which is characteristic of strong Brathste
acidity in H-ZSM-5 [10, 11]. Moreover, a shouldgrpaars at around 550 K fonesoH-ZSM-5(a),
corresponding to weaker acid sites which are préckamily present in thenesoH-ZSM-5(0).

All four supports mentioned in Table 1 were loadeth ca. 10 wt% Covia incipient wetness
impregnation. CO conversion as well as carbon 8eitgcof different products on the catalysts (4135
K) are compared in Figure 1.

Figure la shows that Co/Si@nd Co/H-ZSM-5 display similar CO conversion lavafter 20 h;
however, once mesoporosity is created in the teealupport, the conversion increases condtiera

Tablel Textural properties of supports, obtained froppNysisorption at 77 K.

Support Sesd I TP gt Vimese / cnf g Omese / NM
SiOo, 248 1.34 23-32
H-ZSM-5 52 0.08 nd.
mesoH-ZSM-5(a) 309 1.08 15-32
mesoH-ZSM-5(0) 414 0.52 ca. 4-8

3 Mesopore surface area obtained fromttpéot applied to the Nisotherm:;®> Mesopore volume calculated ¥geso = Viotar Vimicro Where
micropore volume is obtained from thelot; ¢ Mesopore diameter, derived from the adsorptiomditeemploying the BJH methot!;
Not determined.
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Figurel. Time-on-streamTOS) evolution of CO conversion during FTS wh&HSV / mPsrp kg’ h™ = 2.4
(solid symbols) and 6.0 (open symbols) (a). Carbelectivity of FTS products after 20 h on-
stream aGHSV / m’s7p kg'eat h* = 2.4 (b) and 6.0 (c). In each carbon number grfoom left to
right: Co/SiQ, Co/H-ZSM-5, CahesoH-ZSM-5a), and ComesoH-ZSM-50). m: n-paraffins,

z: sum of isoparaffins and olefins, O/P (C2-4): wieto n-paraffin ratio of C2—C4S02 CO,
selectivity. Experiments were performed at 513 K, dar total pressure, and feed composition
H,/CO = 2.
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(by ca. 13 and 28% in the case of @GesoH-ZSM-5(a) and {0), respectively) under similar process
conditions. Time-on-streanTQS) evolution of CO conversion reveals that Co/H-ZSMleactivates
faster as compared with the mesoporous zeoliteestgap catalysts (Figure 1la). TGA analysis of the
spent catalysts gives comparable weight lossespattdrns for the zeolite-supported samples upon
heat treatment in air (Figure C5/Appendix C). Tiasult points to the formation of similar amounts
and type of carbon residues on the spent zeoliéagung catalysts, indicating that coke deposition
cannot explain their different deactivation behavioa general, microporous zeolites are devoid of
mesopore surface area, essential for an optimpedien of Co particles at high metal loadings. On
the other hand, formation of metal clusters inrthieropores is undesired, as Co particles smalkam th
6 nm are not optimal for FTS in terms of activitpdaselectivity [14, 15]. Therefore, the first
advantage of introducing hierarchy in H-ZSM-5, tbe current application, is providing the proper
mesopore surface area to support Co particlesopfgprsize in close vicinity to acid sites. TEM ireag
(Figure C4/Appendix C) show that Co oxide crystedliof about 17 nm are located on the external
surface of parent H-ZSM-5 patrticles, whereas caraloly smaller Co crystallites are present in the
mesoporous zeolite supports (see also Table Cligmpe). Further, Co crystallites visibly tend to
cluster more on the parent zeolite support (FigtdéAppendix C). These Co agglomerates are prone
to sinter which results in a lowdiOS stability of Co/H-ZSM-5 than that of the mesop@@eolite-
supported catalysts at higher operating temperma{irigure 1).

Although after desilication by NaOHhesoH-ZSM-5(a) was ion-exchanged and the amount of Na
in this support is lower than our detection linfitQql wt%), alkaline treatment is a less prefermde,
as Nd is a well-known poison for Co-based FTS catalysisre trace amounts can result in the loss of
activity [16]. Under similar process conditions, @Onversion over CaiesoH-ZSM-5(0) is almost
15% higher than that over QuésoH-ZSM-5(a) (Figure 1a). Since no major differences are olexerv
between Co crystallite sizes of these two catal{ste Table C1 and Figure C4/Appendix C), we
attribute this difference in activity to the effedtNa traces.

Figure 1b shows that Co/Si@nd Co/H-ZSM-5 produce a considerably differemtdoict spectrum
at similar conversion levels. In contrast to Co/Siformation of C21+ (wax) is eliminated on Co/H-
ZSM-5 (see also Figure 2) and gasoline-range hydbons are produced, but with increased C1-C4
selectivities. Methane selectivity on Co/H-ZSM-5aisnost three times higher than that on Co4SiO
Due to the higher diffusivity of f(than that of CO), the localHoncentration in the zeolitic particle
is higher than that in the mesoporous SiChe higher intra-particle #ACO ratio contributes to an
enhanced Cliproduction over the Co/H-ZSM-5 catalyst [17].

Comparison of the Co/H-ZSM-5 and @&soH-ZSM-5(a) performances under iso-conversion

conditions reveals that the selectivity to gasoling (C5—C11) is higher for the mesoporous sample
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and that to C1 is lowerf Figure 1b and c). This selectivity improvement ro€e/imesoH-ZSM-5a)

is attributed to reduced diffusion limitations, whi eliminate the overexposure of the FTS
hydrocarbons to strong acid sites and keep the kg£&€0O closer to bulk conditions inside the catalyst
particle. Indeed, the positive effect of reducetudion limitations in hierarchical zeolites is kmo to
increase the yield towards middle distillates véttiecreased coke formation [18].

Figure 2 compares the FTS product distributions lémdractions) over conventional and
bifunctional catalysts. Under the applied procesaddions, long chain hydrocarbons (wax) are
formed on Co/Si@according to an ASF distribution with a chain gtioyrobability ¢) of 0.87. In
contrast, a clear deviation from ASF distributio observed for H-ZSM-5-supported catalysts,
resulting in a cut-off above C11, breaking the R&seTropsch synthesis ASF distribution at the upper
limit of gasoline cut, as longer hydrocarbons am@anprone to conversion reactions [19, 20]. The
reduced wax production on the zeolite-containingas is confirmed by TGA analysis of the spent
catalysts where their weight loss ¢a. 8 times lower than that of the spent Co/Si@®igure
C5/Appendix C). In line with other reports [21],etimethane level, higher than that of the ASF
distribution, implies that a secondary reactiol©@f hydrogenation takes place (in addition to FT#8) f
all the Co-catalysts. As compared to Co/Sithe higher Ch molar fraction obtained over Caolite
catalysts (see inset in Figure 2), and their loolefin selectivity (see insets in Figure 1b and c),
reveals that this hydrogenation functionality is rengronounced in the case of zeolite-supported
catalysts.

Limiting the FTS product spectrum to C5-C11 cut bfien been reported in the literature over

bifunctional FTS catalysts. Researchersedpminantly ascribed this phenomenon tloe
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Figure2. Fractional molar composition of FTS products a#i@rh on-stream at 513 K, 15 bar total pressure,
feed composition HCO = 2, andGHSV = 2.4 msre kgt b, a: chain growth probability,
Yc1: methane molar fraction.
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(hydro)cracking activity of the acid function [10], 16, 22-26]. In contrast to the hydrocracking of
petroleum-derived feeds, where the aromatic cortetiie feed determines the processing conditions,
hydrocracking of low-temperature FT (LTFT) wax @oftreferred to as ‘mild hydrocracking’) is less
demanding. The optimal process temperature of hyittocrackers isa. 100 K higher than that of the
LTFT [2, 19, 27]. Comparison of various catalytisems reveals that the key factor, determining the
product distribution over bifunctional FTS catakyst the close vicinity of the FTS active phaséh®
acid functionality. In that sense, hybrid catalgsatticles (such as the so-called ‘core-shell’ gstal
[22-25]) are more effective than physical mixtuvdsich perform in turn better than the layered beds
of FTS and acid catalyst particles [28].

An even more intimate contact between the FTS adl sites increases the chance of primary
olefinic FTS products to adsorb on the acid sitedudrther hydrocracking and isomerization reacion
[29]. The operating temperature window of isomartraoverlaps better with that of the LTFT than
hydrocracking, and considerable amounts of brandtyeblocarbons are produced over our zeolite-
containing catalysts, in good agreement with therdiure [10, 11, 16, 22-26]. Formation of skeletal
and double bond isomers that do not re-incorpardtethe chain growth process as fast as limear
olefins would prevent the formation of wax simply lbowering thea value, but without any
contribution of hydrocracking, isomerization alocannot explain the nonlinear break in the ASF
distribution observed in Figure 2. Our results shibat theiso- to n-C4 ratio increases by one order of
magnitude from 0.02 over Co/Si@ 0.24 over CaohesoH-ZSM-5(a) (513 K, 15 bar total pressure,
feed composition MCO = 2,GHSV = 2.4 nisrp kglcat h?). C4 isomers are typically formed during
acid-catalyzed cracking reactions, and not produoeal large extent in skeletal isomerization at the
above-mentioned temperature [27]. Therefore, thsult already indicates that some hydrocracking
reactions take place over our zeolite-containirtglgats.

In order to investigate the feasibility of acidalgzed reactions under FTS process conditions and
space velocities (as those described in Figuredl2amesoH-ZSM-5(a) was subjected to a mixture of
n-hexane, K, and N. As depicted in Figure 3, both hydrocracking arndrbisomerization occur
under reaction conditions, with C4 as the majodpob. It is also important to mention that together
with isomerization and cracking products, highedrogarbons (C8-C10) were also found among the
products (Figure C7/Appendix C), demonstrating tGétfirst dimerizes and then cracks to C4, C5,
C8, and C7. These results together with the faadtldrger hydrocarbons are even more reactive (than
C6) for hydrocarbon conversion reactions [19, 2Q)la@n the cutoff shown in Figure 2 where the
molar fraction of hydrocarbon products drops a# tterbon number increases. The similar formation
level of C6 isomers (Figure 3) implies that thesetfof isomerization reactions on the product shdite
bifunctional catalysts should not be neglectedegjths mentioned earlier. Gas-phase hydroproagssin
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Figure3. Product yields oh-C6 hydroconversion ovanesoH-ZSM-5(a) at different temperatures, 15 bar
total pressure, #n-C6 = 9.0, N'H, = 2.0, andSV = 13 moks kg cac .

experiments with hydrocarbon model compounds shmaw tiydrocracking reactions take place in the
presence of CO and,B as well [28, 30].

It is also important to notice that compared to ldrge amounts of methane formed over the FTS
catalysts, this product was not detected when fgaghexane tanesoH-ZSM-5(a) in the absence of
Co. This observation suggests that formation oftdGds not directly correlate with the support agidit
but is related to the direct CO hydrogenation antif@lrogenolysis reactions at the metal sites [31,
32].

4.4. Conclusions

The combination of FTS activity and acid functiotyaand a high degree of mesoporous hierarchy
results in catalysts that produce gasoline-rangkedtarbons from syngas in one step with sele@iwiti
close to 60%. This high selectivity towards gasmlia the result of the cooperative action of the
different active sites that are in close vicinitytroduction and control of mesoporosity in the lgzeo
support turned out to be a crucial parameter imegging the yield towards C5-C11, as well as the

catalyst activity and stability.
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Abstract: The main advantages and limitations of the use@soporous H-ZSM-5 as Co support in
Fischer-Tropsch synthesis (FTS) are identified lpmisining a detailed catalyst performance
evaluation with a thorough characterization.

Mesostructures were created in H-ZSM-5 crystallltgsdemetalatiorvia subsequent base and acid
treatments. Desilication through base treatmenviges H-ZSM-5 with pore sizes and volumes
similar to amorphous SiO(a conventional carrier), while acid treatment oses the produced
extraframework aluminum and boosts the FTS catalgstity. Model acid-catalyzed reactions and
induced deactivation of zeolite acid sites confthat hydrocracking of primary FTS hydrocarbons at
the zeolite strongly increases the selectivity t@v@5-C11 (gasoline fraction). On the other hahd, t
strong Co-zeolite interaction as revealed by TRIR¢Esults in the stabilization of lower coordinated
Co sites (as revealed by IR-assisted CO adsorpéind)in a higher selectivity toward methane.
Hexane conversion reactions suggest that the liatidune to increased activity for hydrogenation and

hydrocarbon hydrogenolysis reactions at such coatidiely unsaturated Co sites.




Modification of H-ZSM-5 crystallites for cobalt-bed catalyst applications

5.1. Introduction

Fischer-Tropsch synthesis (FTS) is the core ofgdeeto-liquid (GTL) technology. During FTS, a
mixture of CO and K (syngas) is catalytically converted into a wideapum of hydrocarbon chains
through a surface polymerization reaction. Inda#itritwo types of processes are employed for FTS:
(i) the so-called high-temperature Fischer-TropschHH and {i) low-temperature Fischer-Tropsch
(LTFT) [1]. In the former, application of Fe-baseatalysts at high temperatures (> 573 K) is typycal
aimed to produce short-chain hydrocarbons, oldfischer-Tropsch to olefins, FTO), and oxygenates
[2]. Moreover, high selectivities toward gasolirage hydrocarbons can be reached over Fe catalysts
under HTFT operation [3]. On the other hand, at TTé¢onditions (< 573 K), mostly long-chain
paraffins (wax) are produced over either Fe- orcGotaining catalysts. This wax is subsequently
(hydro)cracked into the desired product spectrund]4

When high purity syngas is used, Co-based catafystpreferred since Co brings together chain
propagation ability and intrinsic activity that ahégher than those of Fe (at similar conditions).
Moreover, Co is more active for hydrogenation ammhsequently produces less unsaturated
hydrocarbons and oxygenates, while having a lotifggime [4, 6]. Recently, much effort has been
put to tune the LTFT product selectivity of Co-bdiseatalysts, which is dictated by the ASF
polymerization model. In this respect, adding aiu danctionality to the FTS catalyst formulation
increases the product yields toward the C5-C11]guand may therefore be considered as a new
generation of catalysts for direct production o$@me from syngas. It is proposed that FTS wax is
hydrocracked to shorter chain hydrocarbons on ¢iesates of these bifunctional catalysts [8-13].

LTFT hydrocarbons mainly contain paraffins and nanaatics [4]; therefore, hydrocracking of FTS
wax is less demanding (often referred to as ‘mitdrbcracking’ [14]) than that of crude oil. As the
aromatic content of the feed to hydrocrackers e®es, the higher propensity for coke formationscall
for higher hydrogen pressures and more severe ggocenditions [15]. Nevertheless, the optimal
process temperature of mild hydrocrackers is s#ll100 K higher than that of the LTFT process.
Moreover, their operation requires higherpértial pressures than that in FTS reactors [14].

In spite of the above-mentioned facts, severalistudn the combination of H-ZSM-5 zeolites with
FTS active phases have demonstrated that bifuradtcatalysts may benefit from a close proximity of
the two active components. The intimate contaciveeh the FTS metal and the acid sites turned out
to be the key parameter, determining the performaot such catalysts in tuning the product
selectivity. When acid site domains are in a clegénity to FTS sites at a nanometer scale, the
produced olefinic FTS hydrocarbons may crack omisoze before they are hydrogenated [16].
However, limited knowledge is available on the attwle of zeolite acidity and on the influence of

the zeolite support on the Co active phase. Invloik, a detailed catalyst performance assessmsent i
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combined with a thorough characterization to makgiantum leap in understanding the bifunctional
FTS catalysts. With this information in hand, th@imadvantages and limitations of the use of

mesoporous zeolites as FTS supports are delineated.

5.2. Experimental
5.2.1. Materials

Amorphous Si®@ with surface area and pore volume of 293gh and 1.35 crhg?, respectively,
was provided by Fuji Silysia Chemical Ltd. (CARIAG@J-10). ZSM-5 zeolite in ammonium form with
nominal Si/Al ratio of 40 was purchased from Zebl§&BV 8014). NaOH, 70 wt% HN©solution,
Co(NGs),:6H0O, and Co(CHCOO)-4H,0 were purchased from Sigma-Aldrich. MHO3; was
provided by Merck. All chemicals were used withauay further purification steps.

5.2.2. Support preparation and catalyst synthesis
5.2.2.1. Preparation of mesoporous H-ZSM-5

Mesoporous H-ZSM-5 was prepared by desilicatiotecanique already demonstrated in technical
scale that is shown to be an affordable methodséate up [17]. Ammonium form of ZSM-5 was
calcined at 823 K for 5 h to obtain the parent HVES. Desilication of H-ZSM-5 powder was carried
out in 1 M NaOH aqueous solution in a capped ve$gelumease soutioVeighbarent H-zsm-5 =
8.0 cm g') and under stirring at 343 K for 1 h in an oil thafThis treatment was followed by
immediate quenching in a water-ice bath and cemgafion to separate the zeolite powder from the
solution. The residue of the desilicating agent vessoved from the zeolite crystallites by subseguen
redispersion in deionized water and centrifugatigoles until neutral pH was reached. In order to
remove Na traces, a well-known poison for Co-baB&@& catalysts [18], the zeolite was ion-
exchanged with an excess of 0.1 M NKD; at room temperature for 15 min in three additianalles
and thoroughly washed. Mesoporous H-ZSM-5, denagethestl-ZSM-5’, was then kept overnight
at 333 K followed by drying at 393 K for 12 h andlanation at 823 K for 5 h. Yield of the
desilication procedure was 25% (averaged from éxeriments starting frowa. 20 g of H-ZSM-5).

A fraction of the parent H-ZSM-5 as well as tmesdl-ZSM-5 zeolites were acid treated in 1 M
HNO; aqueous solution (VOlumg sowtiodWeighteoite = 28.6 cmi gt) at 343 K for 2 h under stirring in
an oil bath. After quenching, the samples wereahghly washed with deionized water, dried, and
calcined the same as after the above-mentioneticd¢isin procedure. The acid-washed zeolites are
denoted as ‘H-ZSM-{&) and ‘mestiZSM-5w)'. Yield of the acid treatment procedure was 90% to
mesdi-ZSM-5(w) (averaged from four experiments starting from §-ef meséi-ZSM-5).
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Amorphous Si@and the zeolite samples were employed as catlpgtorts and loaded witta. 8—
10 wt% of Co, applying incipient wetness impregoatwith an aqueous Co(NJR- 6H,O solution. All
the supports were dried overnight at 393 K beforpregnation. Only in the case of parent H-ZSM-5,
two impregnation steps were required (due to &g pore volume) with intermediate sample drying at
333 K for 5 h. After impregnation, samples weretkeyernight in a desiccator at room temperature
and dried at 393 K for 12 h. Subsequently, thelgstawere calcined at 673 K for 2 h. A heatingerat
of 2 K min* and static air conditions were applied for all #f®ve-mentioned drying and calcination
steps.

2 g of mest-ZSM-5(w) was exchanged with 250 &mf 0.01 M Co(CHCOO)-4H,0 aqueous
solution (pH =ca. 6) at 343 K forca. 24 h. After two identical consecutive exchangke,dample was
washed with 1 | of deionized wateia subsequent centrifugation and redispersion cy€lieslly, the
resulting zeolite was kept overnight at 333 K, dra¢ 393 K for 12 h, and calcined at 673 K for 2 h.
The ion-exchanged zeolite contained 1.3 wt% of @bia denoted asriesdi-ZSM-5(wCo).

5.2.2.2. Carbon deposition over the mesoporous M-BS

In order to study the catalytic effect ohestd-ZSM-5 on the overall performance of the
corresponding bifunctional catalyst (@Gw@sdi-ZSM-5), the acid sites of this support were (jadlt)
deactivated by pyrolytic carbon [19, 20]. The pytim carbon was deposited by decomposition of
propene ovemest-ZSM-5 in a continuous fixed-bed reactor: Firgte treactor temperature was
ramped to 823 or 973 K under, Now, and subsequently, 4%z was added to the feed stream
(GHSV = 14.4 miste kg seoite ). The carbon amount was controlled by varying deposition
duration and temperature. The modified zeolitesdamoted asmesdi-ZSM-5(nnc) where nn' is a
two digit number, which indicates the carbon petage (Qarbond zeolite+carbo).

mesti-ZSM-5(nnc) samples were loaded witte. 10 wt% Co according to the impregnation
method described before. In this case, the imptegreamples were dried under air flow at 343 K for
12 h followed by calcination at 523 K for 2 h. Agtiag rate of 0.5 K mih and air flow rate of 1.8 ™

kg cono3)2. 620N Were employed during the heating steps.

5.2.3. Characterization

N2 physisorption was performed in an Autosorb-6B y@uantachrome Instruments) at liquid
nitrogen temperature (77 K). Prior to the experimea. 0.1 g of the samples was degassed overnight
in an Autosorb Degasser unit (Quantachrome Instnisheinder vacuum at 623 K (473 K in the case
of Coimesti-ZSM-5(nnc)).
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Elemental analysis was performed with PerkinElmegati®a instruments. Samples were first
digested inca. 50 ml of 1.25% HSQ, and 1.00% HF mixture. After dilution, analysis wd@ne by
inductively coupled plasma optical emission speungtyy (ICP-OES).

The X-ray diffraction (XRD) patterns were recordedBragg-Brentano geometry in a Bruker D8
Advance diffractometer equipped with a Vantec posit sensitive detector and graphite
monochromator. Measurements were performed at neonperature, using monochromatic Ca K
radiation £ = 0.179026 nm) in thef2region between 10° and 90°. The samples were glanea Si
{510} substrate and rotated during measurements. pakterns were background-subtracted to
eliminate the contribution of air scatter and plokssfluorescence radiation.

Transmission electron microscopy (TEM) was donelB3El Tecnai TF20 microscope operated at
200 kV using a carbon coated Cu grid.

Temperature-programmed NHdesorption (NBTPD) was measured by an AutoChem I
chemisorption analyzer (Micromeritic€}a. 0.2 g of the zeolite-containing samples was tiegassed
under He flow at 673 K for 1 h and then saturateith WH3; at 473 K during 1 h, using a flow of
1.65% NH in He. The gas mixture was then switched backdapdaid the sample was purged at 473 K
for ca. 1 h to remove the weakly adsorbed Nimolecules until no ammonia was detected. TP
desorption was subsequently recorded under He flom 473 to 873 K. All flow rates were adjusted
to 25 cmsremin?, and the heating rates were 10 K thituring different stages of the experiment.

Temperature-programmed reduction by PR(H)) was performed on a homemade equipment.
Ca. 0.1 g of Co-containing samples was mounted inrep&ature-controlled reactor where 27°¢ma
min™ flow of 7.4% H in Ar was fed over the samples. The reactor teatpeg was then ramped from
room temperature to 1223 K with a heating rate Bffin™, and the KW consumption was monitored
by a TCD.

5.2.3.1. Fourier transform infrared (FT-IR) transsaion spectroscopy
5.2.3.1.1. Pyridine adsorption

The amount of Brgnsted and Lewis acid sites initeedamples was evaluated by pyridine
adsorption, assisted by a Nicolet 6700 FT-IR (Tre®eientific) equipped with a MCT/B detector.
Ca.0.05 g of a zeolite sample was pressed at 1132rKgfor 5 s to form self-supporting wafer of 1.5
cm diameter. The sample was then degassed at 388h under vacuum (2 x Fambar). Pyridine
vapor was dosed to the sample stepwiaea known volume and pressure. After each stepsadhgple
was heated at 458 K to allow diffusion of the prahelecule and subsequently cooled to room
temperature for spectra collection [21]. This pohoe was repeated to estimate the extinction

coefficient till no further increase was observedtihe areas of adsorbed pyridine upon dosage.
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Ultimately, the sample was heated at 458 K for 10, rand the final spectra were recorded at room
temperature. During each measurement, 128 scaresreeorded in 1000-4000 &mmange at 4 cih

resolution. Spectra of degassed samples were tadles background.

5.2.3.1.2. CO adsorption-Diffuse Reflectance IrdchFourier Transform Spectroscopy (DRIFTS)
Employing CO as a probe molecule, the nature dasarmetallic sites and different Co species in
the zeolite-supported catalysts was studied by DRIFCatalysts in the powder form were dried inside
the DRIFTS cell under He flow at 673 K for 1 h aedluced for 5 h in KHat the same temperature.
After cooling the sample to room temperature urdieflow (and removal of adsorbed Hholecules),
10% CO in He was fed to the cell for 0.5 h to allthe adsorption of CO. Subsequently, the sample
was flushed overnight by He at room temperatureetaove the physisorbed CO. Then, the cell
temperature was elevated under the He flow, argpHetra were collected at different temperatures by
a Nicolet 6700 FT-IR (Thermo Scientific) equippedhna MCD/A detector. All the flow rates were
adjusted to 20 cfgre mint at different stages of the experiment, and the stresmnents were
performed after 10 min on-stream at each tempexdiy280 scans in the range of 650-4000 a4
cm™ resolution. Spectra of KBr at room temperatureemexcorded as background, and those of the

samples were subtracted from their correspondiegtep after 5 h Hreduction.

5.2.4. Catalytic performance experiments
5.2.4.1. Acid-catalyzed reactions

Acid-catalyzed reactions were performed in a fiked stainless steel reactor employm@6 as a
hydrocarbon model compound. 0.25 g of catalystiggast was fixed in the reactor (3.9 mm inner
diameter) between quartz wool plugs. The samples weated overnight underow at 673 K and
atmospheric pressure. After cooling to 513 K, thespure was increased to 15 bar, and subsequently,
a mixture ofn-C6, H, and N was fed to the reactoBY= 13 moks kg cath, Ho/n-C6 = 9.0, N/H, =
2.0). After 20 h on-stream, data collection stadéedifferent reaction temperatures. The reactas w
kept for 3 h at each temperature before produdysisaThe product stream was analyzed online by a
Compact GC (Interscience), equipped with Poraboraimn at 363 K (10 m x 0.32 mm) and FID,
using He as the carrier gas. Selectiviy,] and yield ¥cn) of the hydrocarbon products were defined
by Egs. (1) and (2), respectively:

F
SR oo (1), Y, = 0-Fa x100 @)

inn-cé Focs in,n-C6

Sen =
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5.2.4.2. Fischer—Tropsch synthesis

FTS experiments were performed on the six-flowdibbed microreactor setup described in Chapter
2. For all experiments, 0.5 g of fresh catalyst ¥esd in the reactor inserts using quartz woolgslu
Samples were first activated in situ by 80°gmamin™ of H, at 673 K for 12 h at atmospheric pressure
followed by cooling to 453 K underHlow. After increasing the pressure to the procesdse (15 bar
total pressure), CO was gradually introduced tofdesl stream at 453 K in order to reach its final
concentration (CO = 2) in 1 h. Subsequently, the reactor wasduktat the process temperature (493
or 513 K). A rate of 2 K mifiwas applied for all the heating/cooling steps.

During the experiment, heavy hydrocarbons (wax)enmilected by gas/liquid separators at 448 K
and reaction pressure. Once expanded to atmospgiressure, lighter hydrocarbons and water were
collected in cold traps &a. 278 K. After separation from water, these liquidifocarbons as well as
the wax were weighted, dissolved in£&nd analyzed offline by a simulated distillat(@mDis) GC
(Hewlett Packard 5890, Series Il) equipped withFid and HP-1 column (7.5 m x 0.53 mm, film
thickness 2.65 um), using He as carrier gas. Dutieganalysis, the oven temperature was ramped
from 308 to 623 K (14 K mif) and kept at the final temperature for 5 min.

H,, N2, CO, and CQ@ as well as light hydrocarbons in the gas phase vaealyzed online by a
Compact GC (Interscience), equipped with three rook and detectors in parallel, applying He as
carrier gas. In the first column (Carboxen 1010,mM0x 0.32 mm), N CO, CH, and CQ were
separated at 333 K and analyzed by TCD. In thengskcolumn (A$O3z/KCI, 10 m x 0.32 mm) and
FID detection, separation between all C1-C4 compisneas achieved at 434 K. In the third column
(RTx-1 0.5 pum, 15 m x 0.32 mm), C5-C10 hydrocarbwese separated at 353 K and analyzed by
FID.

A pseudo-steady-state catalytic behavior was athefter 20 h on-stream when selectivity data
were collected. CO conversion, carbon selectiatyd molar fraction of each product were defined by
Egs. (3)—(5), respectively, whekeo stands for CO conversiof, indicates the molar flows is the
carbon selectivity toward a product with n carbtonas, andy is the molar fraction of a hydrocarbon
Cn.

R nFe,

-F
X, = —mco” Towco, g (3), S = —— x100 4), VYo =
Fin,CO |:Coz +anCh
n=1
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5.3. Results
5.3.1. Catalyst characterization
5.3.1.1. Support base/acid treatments

In agreement with previous reports [22], the molphp of the H-ZSM-5 crystallites does not
change considerably upon desilication (Figure Dp&mulix D), although its crystallite size decreases
slightly. The N physisorption isotherms of these zeolites andSil® support are presented in Figure
D2a/Appendix D. The isotherm of the parent H-ZSMHows a plateau starting at a very low relative
pressure (type 1), the characteristic of micropsraaolite structures. On the other hand, the type |
isotherm and the remarkable hysteresis loop of phmurs silica confirm the mesoporous structure of
the SiQ support. Similarly, after desilication, the shajpe¢he zeolite isotherm changes from type | to
type IV, and mesostructures are created with pazessin similar range as the SiQ@Figure
D3a/Appendix D). Textural properties of all supgodre summarized in Table 1. The mesopore
surface area of H-ZSM-5 increases from 52 to 369jfrfor mesdi-ZSM-5, and its total pore volume
increases from 0.26 to 1.20 £}, which is very close to that of the Si(1.35 cni g*). This increase
is due to creation of mesopores at the cost oigatstlecrease in the zeolite micropore volume (0.18
versus0.12 cni g for H-ZSM-5 andmesdi-ZSM-5, respectively). The decrease in micropatime
suggests some minor amorphization during the blaatmient which is the consequence of desilication
[23]. Nevertheless, the overall MFI structure iegarved, as confirmed by XRD patterns of the
corresponding catalysts (Figure D4/Appendix D).

The Si/Al ratio of H-ZSM-5 decreases from 41 tofa6mestiZSM-5 after alkaline treatment and
Si extraction from the zeolite framework (Table This ratio can be readjusted by acid treatment;
thus,mesti-ZSM-5(w) represents an Si/Al ratio of 39, which is almaknitical to that of the parent
zeolite. In contrast, similar treatment result@aiminor increase in the Si/Al ratio of the pareatlite

(41lversus46 for H-ZSM-5 and H-ZSM{W), respectively). Moreover, the textural pragsr of

Tablel Textural and chemical properties of the supportgleyed for FTS catalyst preparation.

Support S/infg! V/cnt gt Si/Al
totaf mesé totaf micrd” mes6
SiO, 293 248 1.35 0.02 1.34 f.a.
H-ZSM-5 460 52 0.26 0.18 0.08 41
H-ZSM-5(w) 435 56 0.25 0.17 0.08 46
mesii-ZSM-5 580 309 1.20 0.12 1.08 16
mesi-ZSM-5(w) 575 314 1.20 0.11 1.09 39
mesti-ZSM-5(07c) 484 265 111 0.09 1.02 d.
mesdi-ZSM-5(21c) 369 229 0.84 0.06 0.78 n.d.

3 BET surface ared® Mesopore surface area obtained from tipéot applied to the Nisotherm:;® Total pore volume? Micropore
volume obtained from theplot; ® Mesopore volume calculated ¥Seso = Viotar Vimicro, f Obtained from ICP-OES;Not applicable,h Not
determined.
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H-ZSM-5 andmesti-ZSM-5 are barely altered upon the acid treatni@able 1, Figure D2 and
D3/Appendix D), which indicates that the employexidavash does not leach Al out of the zeolite

framework.

5.3.1.2. Carbon deposition

TGA patterns ofmesdi-ZSM-5 zeolite are presented in Figure D5a/Apperdiafter treatment
with 4% GHs in N, at different temperatures and durations. The tw&aght loss, associated with the
presence of pyrolytic carbon [19], is increased mvimereasing the treatment temperature and duration
As a resultca. 7% and 21% (Gon g reolite+carbo) Of carbon is loaded ovenesti-ZSM-5 after the
treatment at 973 K for 6 and 18 h, respectively.

The SEM images ofmesdl-ZSM-507c) and mesti-ZSM-521c) reveal that apart from
agglomeration of the zeolite crystallites, theuiindual size and morphology do not change after th
carbon depositioncf. Figure D6 and D1b/Appendix D). Nohysisorption results show a lowep N
uptake (Figure D2c/Appendix D) and decreased miarat mesopore volumes for carbon-containing
samples as compared withestd-ZSM-5, while the decrease in the micropore voluimemore
pronounced (Table 1). The mesopore size distributiomest1ZSM-5 does not change significantly
after carbon depositioncfi Figure D3a and c/Appendix D). These results indidhat by GHs
decomposition, carbon is deposited inside the freonke more than on the external surface of the

zeolite, confirming a higher density of acid sit@$he zeolite micropores.

5.3.1.3. Acid properties of supports

NH3-TPD of H-ZSM-5 andnes#l-ZSM-5 are compared in Figure D7/Appendix D. Tesatption
profile of H-ZSM-5 shows two maxima, at around 46@ 700 K. The first is known to arise from the
weakly adsorbed NHmolecules, whereas the second one originates fhenstrong Brgnsted acid
sites [11]. In case ahestl-ZSM-5, weaker acid sites are more pronounced thgarent H-ZSM-5.
In order to make the contribution of these acidssinore visible, the weakly adsorbed JNhblecules
were eliminated by performing the adsorption ste$78 K (Figure 1). In this case, the peak at 700 K
appears with a tail at lower temperatures for H-ZSMind a shoulder at around 550 K for
mesdi-ZSM-5. While the desorption profiles of H-ZSM-BdH-ZSM-5w) look very similar (Figure
la), these weak acid sites disappear to a largmieafter subsequent acid treatment of the detglica
sample (Figure 1b). After carbon deposition, thecemtration of Brgnsted acid sites decreases
considerably (Figure 1c). NHTPD profiles of Co-containing zeolites (Figure BBpendix D) show
that strong Bregnsted acid sites are present in zbelite after Co impregnation. However,

mestl-ZSM-5(wCo)which was exchanged with Co is devoid of Brgnstgdity, and only the weak
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Figurel. NHs-TPD profiles (10 K mift) of the microporous zeolites (a), mesoporous &l{b), and
carbon deposited mesoporous zeolitesg WHis adsorbed at 473 K.

Lewis acid sites can be detected over this sample.

The nature of acid sites over the zeolite sampkes fwrther investigated by FT-IR-assisted pyridine
adsorption (Figure 2). The IR band at 1456 canises from the pyridine molecule interacting with
Lewis acid sites [24]. The intensity of this peakreases fomesdi-ZSM-5, while in the case of
mesdi-ZSM-5(w), it is almost similar to that of H-ZSM-5. Apparbnta large number of Lewis acid
sites is formed in the zeolite after desilicatidralfle 2). This result reveals that the weak acidity
observed with NBTPD (Figure 1) has a clear Lewis nature and caasioebed to extraframework Al
(EFAI), produced during desilication [23]. EFAI még washed off by means of acid treatment, as
mentioned in Section 5.3.1.1 and as clearly obskebyeboth pyridine adsorption (Figure 2 and Table
2) and NH-TPD (cf. Figure 1a and b).

The IR absorption at 1545 ¢hin Figure 2 is attributed to adsorption of pyrielian Brgnsted acid

sites, while the band at 1491 ¢mresults from both Brgnsted and Lewis sites P54, Quantification
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Figure2. IR spectra of the zeolites upon pyridine adsorption

of the former peak areas with the amount of adsbpyidine reveals that the Brgnsted acid density
(umol g*) decreases upon desilication and even furthechyteeatment (Table 2). However, the total
number of Brgnsted acid sitesmoésdl-ZSM-5w) per mol Al is higher than that afestl-ZSM-5. In
other words, Al present imesdl-ZSM-5(w) contributes more to Brgnsted acidity than it does
mesti-ZSM-5.

Surface hydroxyl groups of the zeolite samplesciarly visualized by direct observation of the
zeolite IR spectra (Figure D9/Appendix D). The Bsima OH groups show a stretching band at 3310
cm® [26]. The most intense peak in the OH stretchegjan at 3747 cihcan be attributed to terminal
SIOH [27]. The concentration of these silanol goigpthe highest omesi-ZSM-5(w). It is apparent
that more silanol groups form on the zeolite swgfag acid treatment.

5.3.1.4. Co-catalysts

Co loadings and crystallite sizes of Co/gi00/H-ZSM-5 as well as the modified zeolite-supedr
catalysts are reported in Table 3. A Co loadinglmut 10 wt% was obtained on $j®I-ZSM-5, and
mesdi-ZSM-5 supports. The average Co crystallite sizeCo/SIO, and Co/H-ZSM-5 catalysts is
comparable and about 13—-14 nm, while it decreasesiaderably to 7 nm for Cokstl-ZSM-5. The

Table2 Acid densities of zeolite supports obtained fromigliye adsorption.

Support Brgnsted acid Lewis acid

pumol g* pmol pmoj? pmol gt pmol pmoj
H-ZSM-5 138 0.35 37 0.09
mesdi-ZSM-5 99 0.10 173 0.18
mesti-ZSM-5(w) 77 0.21 49 0.13
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Table3 Textural and chemical properties of the preparefl Edtalysts.

Catalyst S/infg! V/cnt gt Co
totaf mesé totaf micro” mes6 wtod ded / nm

Co/Sio 223 200 1.03 0.01 1.03 9.7 14
Co/H-ZSM-5 388 38 0.22 0.16 0.06 9.6 13
Co/H-ZSM-5w) 380 45 0.23 0.15 0.08 8.2 8
Co/mesdl-ZSM-5 467 257 0.87 0.09 0.78 9.9 7
Co/mesdi-ZSM-5(w) 487 279 0.85 0.09 0.76 8.7 8
Co/mesti-ZSM-5(07¢c) 364 205 0.77 0.07 0.70 10.9 7
Co/mesti-ZSM-521c) 295 182 0.69 0.05 0.64 11.2 8

3 BET surface ared® Mesopore surface area obtained from tipéot applied to the Nisotherm:® Total pore volume? Micropore
volume obtained from theplot; ® Mesopore volume calculated ¥$eso = Viotar Vimicro;  Obtained from ICP-OES Co crystallite size
calculated fromd(Co”) = 0.7%1(Co;0,), whered(Ca;0,) is derived from XRD, applying the Scherrer equatio

mesopore surface area of @@stl-ZSM-5 isca. 7 times greater than that of Co/H-ZSM-5 (Table 3).
The TEM images of the two catalysts (Figure 3) sl@ospongy morphology for Qoesii-ZSM-5 as
compared with Co/H-ZSM-5, which is due to mesoperstructure of the former. Large areas with
considerably high concentration of Co oxide areeolsd at the external surface of H-ZSM-5
crystallites (Figure 3a) and verified by EDX (FiguD10/Appendix D), which suggests an
inhomogeneous distribution of the active phase thisr support. On the contrary, small Co oxide
agglomerates can be identified in the mesoporesesibi-ZSM-5 (Figure 3d—f). The positive impact
of mesoporosity on metal dispersion has been regdor zeolite-supported catalysts [13, 16, 28].

Lower Co loadings of about 8 wt% on the acid-washealites resulted in an average Co crystallite
size of 8 nm for both Co/H-ZSM{&) and Comesdi-ZSM-5(w) catalysts.

In summary (Table 3), Co/Siand Co/H-ZSM-5 have comparable Co crystallite sizaround 14
nm, while a size ota. 8 nm is obtained for Co crystallites on @&sil-ZSM-5, Co/H-ZSM-Fw),
Co/mesdi-ZSM-5(w), Coimestl-ZSM-5(07¢), and Camesdi-ZSM-5(21c) catalysts.

TPR(H,) profiles of the above-mentioned calcined sammes presented in Figure 4. Two
overlapping reduction peaks can be distinguishatamrofile of Co/Si@below 700 K where the first
peak corresponds to reduction of*C CF* and the second one to the reduction of'Go metallic
Co [29] (Figure 4a). Co oxide reduction occurs wider temperature range for the zeolite-supported
catalysts. In the case of microporous zeolite-stppocatalystsife., Co/H-ZSM-5 and Co/H-ZSM-
5(w)), a reduction profile similar to SpQs observed at temperatures below 700 K. In amditiwo
peaks at about 800 and 950 K are also observedirsipahe presence of Co species that are more
difficult to reduce (Figure 4b), resulting from @ager interaction of Co with the zeolite thanhwtihe
amorphous Si@ Contribution of the high-temperature peaks isemmonounced in the case of Co/H-
ZSM-5(w) probably due to smaller Co crystallite size. Cadexinsidemesdi-ZSM-5 andmesdi-

ZSM-5(w) supports, exhibits a sharp reduction aro660 K and a broad pattern with several
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Figure3. TEM images of Co/H-ZSM-5 (a—c) and @Qwsdi-ZSM-5 (d—f) before activation. Scale bars
correspond to 100 nm (a and d), 20 nm (b and e)1l&ndm (c and f). Circles show Co oxide
clusters.

overlapping peaks at 600-1000 K (Figure 4c). Ineoried determine the reducibility of Goésdi-
ZSM-5, this catalyst was reduced at 673 K underditoms similar to those applied prior to FTS

experiments (see Section 5.2.4.2), and a TPR{&s recorded afterward., Honsumption above
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Figure4. TPR(H) profiles (5 K min') of Co-catalysts, supported on $i(&), microporous zeolites (b),
mesoporous zeolites (c), and carbon deposited roesap zeolites (d).

700 K in the profile of this ‘reduced’ Qoestl-ZSM-5 catalyst (Figure 4c) reveals the preseric@m
species which are barely reducible under the agliES activation conditions.

TPR(H,) profiles of Comesdi-ZSM-507c) and Comestl-ZSM-5(21c) catalysts are different
from those of the above-mentioned samptdsHigure 4c and d). An additional peak is observied a
400-500 K in this case, which might arise from deai nitrate precursors, as the calcination
temperature of these catalysts was 150 K lower thanhof the other samples. Moreover, the broad
peak at 600—-1000 K expands progressively as tlaystatcontains more carbon. The weight losses of
Co/mesdl-ZSM-5(07c) and Comestl-ZSM-5(21c) catalysts upon TGA analysis are similar to those
of mesti-ZSM-5(07c)andmesti-ZSM-5(21c) respectively¢f. Figure D5a and b/Appendix D). This
confirms that calcination at 523 K does not resulmajor removal of the deposited carbon. In H
atmosphere, Co may catalyze the gasification oblgiic carbon at higher temperatures [30]. The
intensity of the broad TPRgH reduction profile at 600-1000 K that correlateghwhe amount of
carbon on the Caolesti-ZSM-507c) and Comesdi-ZSM-5(21c) catalysts strongly suggests such a
gasification [31]. This is corroborated by methdoemation observed upon activating @wsdi-
ZSM-5(nnc) (not shown).
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CO adsorption infrared studies were employed toattarize the nature and reactivity of Co active
sites over amorphous Si@nd the zeolite supports (Figure 5). IR spectraretadsorbed CO on the
bare supports show that carbon monoxide desorbgpletety at 473 K from the zeolites (not shown),
eliminating the acid sites contribution from theeggnted spectra in Figure 5. Two regions can be
observed in the IR spectra of pre-adsorbed CO thnesupported Co-catalysts: The IR bands at 2000—
2100 cnt* are attributed to side-on adsorption of CO onGbesites, while the stretchings at 1890°tm
arise from bridged CO adsorption to Co sites [3R-Bbthe linear adsorption region, the spectrum of
Co/SiQ represents one major stretching band at 2054 erhich is assigned to CO adsorbed on face-
centered cubic (fcc) Co phase [35]. The same baatso observed for the zeolite-supported catalysts
However, this type of Co sites is dominant on th@,Ssupport, while various Co species can be
distinguished on the zeolite: A band at 2077 'dmthe spectrum of Co/H-ZSM-5 is attributed to Co
sites with lower surface electron density [36] (F&5). The intensity of this band is higher atdow

temperatures (not shown) in comparison with theatt®n at 2054 cih At low temperatures, more

T=513K 2077 N 2046 1890

(b)

\
2054

Co/mesoH-ZSM-5(07c) / \/
e e \M
Co/H-ZSM-5 w

ColsiO; P

T=473K
Co/mesoH-ZSM-5( O7c) / &
Co/H-ZSM-5 \_/\\\/_m

Co/Sio, e —
W
2300 2200 2100 2000 1900 1800
o/cm?

Figure5. IR spectra of pre-adsorbed CO on Co-catalysts afteeasing the temperature to 473 K (a) and
513 K (b) in a DRIFTS cell.
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CO coordinates to the surface. Therefore, fewealt@boms without electron withdrawing CO ligands
are available that can donate electron densityerby cobalt atoms (that are coordinated to CO).
Increasing the temperature and desorbing more €€dts in a decrease in electron withdrawing
backbonding carbonyls and causes a general incieasa@face electron density and thus stronger
cobalt-carbonyl bonding [36]. Therefore, at highdesorption temperatures (Figure 5), contribution of
the band at 2077 cidecreases, whereas that of lower wavenumbers lescomore pronounced.
Besides the peak at 2054 ¢nlinear adsorption of CO on the zeolite-suppo@d sites associates
with various stretchings appear as a tail betwe@02and 2050 cth The low frequency IR bands,
which are hardly observed for Co/Siave been assigned to lower coordinated cobetcsites
located on more open low index surface crystallpgi@ planes or steps and corners. An enhanced
electron back-donation from the methlorbitals to ther antibonding molecular orbital of CO is
expected on these sites [37-39].

5.3.2. Catalytic performance
5.3.2.1. Acid-catalyzed reactions

In order to investigate the hydrocarbon conversieactions under FTS process conditions, the
zeolite supports, as well as the supported Coysitalwere subjected to a mixturereC6 and H.
Product yields as a function of process temperatwer H-ZSM-5 are presented in Figure 6a.
Increasing yields toward lower hydrocarbons witmperature confirm that hydrocracking is feasible
over H-ZSM-5 under typical FTS process conditiond apace velocities. Minor amounts of higher
hydrocarbons which are not detectable in the fe€¥—C8, not shown) reveal that-C6
hydroconversion proceedsa the bimolecular mechanism [4, 40, 41].

n-C6 conversion is lower ovenest-ZSM-5 than over H-ZSM-5 (Figure 6b), due to tlogvér
amount of Brgnsted acid sites in the former. Prodetectivities over H-ZSM-5 anghesdi-ZSM-5
are similar, with C4 hydrocarbons being the maoghni§icant products. The level of C6 isomers in the
product implies that the contribution of skeletabmerization should not be neglected on these
catalysts. The fact that no C1 was detected inpituelucts suggests thatC6 hydroconversion
involves rearrangement of a classical secondarlgocation into a protonated dialkylcyclopropane
where methane cannot be produced [4].

In contrast, considerable selectivities to C1 ardate obtained over the supported Co-catalysts
(Figure 6b). Since the product selectivity of CaZBM-5 is comparable to that of Co/SiQvhich is
devoid of acid sitesp-C6 hydroconversion is dominated by hydrogenolgsisr the Co sites in this
case [42, 43]. The conversion over Co/H-ZSM-5 igrfomes higher than that over Co/Qi@hich

points to a higher hydrogenolysis activity of tlkemer catalystn-C6 conversion as well as C1 and C2
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Figure6. Product yields duringn-C6 hydroconversion over H-ZSM-5 at different temgteres (a).
Conversion and product selectivities maC6 hydroconversion over zeolites and Co-containing
catalysts at 493 K (b). In each group from leftright: H-ZSM-5, mes#i-ZSM-5, Co/SiQ,
Co/H-ZSM-5, and Caonesdi-ZSM-5. Data were collected after 20 h on-streani bar total
pressure, Bn-C6 = 9.0, N/H, = 2.0, andSV= 13 moks kg 'ca ™.

selectivities decrease considerably over n@s#l-ZSM-5 as compared with Co/H-ZSM-5 while

selectivity to C6 isomers is highest over the farme

5.3.2.2. Fischer-Tropsch synthesis

Time-on-stream TOS evolution of CO conversion over Co/SI0 Co/H-ZSM-5, and
Co/mesdl-ZSM-5 is presented in Figure 7a. While the coawmar over Co/Si@and Co/H-ZSM-5 is
at the same level after 20 h on-stream, that om@etl-ZSM-5 is at least 12% higher. The carbon
selectivity to different product ranges over thélseee catalysts is compared in Figure 7b at iso-
conversion conditions (as depicted in the Figuseiit). Under the applied process conditions, Ca/SiO

Is mostly selective to C12+ hydrocarbons and .wHxe carbon selectivities to C5-C11 (gasselin
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range) and C1 are 27% and 7%, respectively. Orotier hand, C21+ (wax) production is reduced

over Co/H-ZSM-5, while the selectivity to the C5-ACftaction has increased considerably to 50%.

Carbon selectivity of this catalyst to C1 (21%@gisost three times greater than that over Co/StOr
Co/mesdl-ZSM-5, the C5-C11 selectivity increases to 58%l anat to C1 decreases to 18%.

Moreover, this catalyst is less selective to lolwatrocarbons (C2—C4) and diesel range (C12—C20).

The CQ carbon selectivity is less than 8% over the Calgats (Table 4), evidencing a very low
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Table4 CO conversion, C1, C5-C11, and £g€rbon selectivitiedso- to n-paraffin and olefin to paraffin
ratios of FTS products after 20 h on-stream.

Process Conditions Catalyst Xco S/ % I/N (C4} OIP (C2-4)
% c1 C5-C11 CQ
513K, 15 bar, HCO=2  Co/SiQ 59 7 27 3 0.02 1.72
2.4 migrkg e b Co/H-ZSM-5 62 21 50 1 0.13 1.11
Co/H-ZSM-§w) 83 21 49 2 0.09 1.02
Colmesti-ZSM-5 75 16 55 2 0.24 1.32
Colmesti-ZSM-5(w) 87 18 56 4 0.22 1.05
513K, 15 bar, HCO=2  Coesti-ZSM-5 59 18 58 1 0.24 1.40
6.0 msrkg e h? Colmesti-ZSM-5(07c¢) 57 19 59 1 0.16 1.48
Colmesdi-ZSM-5(21c) 70 19 52 1 0.06 1.12
493K, 15 bar, HCO=2  Co/SiQ 31 5 16 2 0.02 2.19
2.4 migrkg leac Co/H-ZSM-5 41 24 40 2 0.08 0.93
Colmesti-ZSM-5 49 15 47 0.4 0.11 1.38
513 K, 15 bar, HCO =2 mesti-ZSM-5(wCo) 6 51 19 7 2.05 0.03

0.4 rT?STFkg_lcat h_l

31s0- to n-C4 ratio:® Olefin to paraffin ratio of C2—C4.

water-gas-shift activity at the applied reactiomperatures. The olefin to paraffin ratio of C2—-C4
(O/P (C2-4)) hydrocarbons is highest over CofSa@d decreases by 35% and 19% for Co/H-ZSM-5
and Comestl-ZSM-5, respectively, at iso-conversion conditio® the other hand, thgo- to n-C4
ratio (I/N (C4)) increases by a factor of ten otrexr Cozeolitecatalysts as compared to Co/gi@hile

it is highest over the mesoporous supported sa(iiplee 4).

Molar product distributions over Co/SiOCo/H-ZSM-5, and Cotesd1-ZSM-5 at iso-conversion
conditions are presented in Figure 8. The molactiva of FTS hydrocarbongersustheir carbon
number follows a linear trend over Co/Si®hich points to an ASF distribution with a chairogth
probability @) of 0.87 for this catalyst. In contrast, hydrocarkdistribution over Co/H-ZSM-5 and
Co/mesdl-ZSM-5 is not bounded by one linear chain growthe ASF distribution breaks at around
C11 and molar fractions of hydrocarbons drop dravally (note the logarithmic scale graxis in
Figure 8) as their carbon number exceeds the Uppieiof gasoline cut.

Figure 9 represents the catalytic performanceshefthree above-mentioned catalysts at lower
reaction temperature of 493 K. In addition to adouO conversion level, the selectivity to C21+
increases considerably over Co/gi® comparison with that at 513 K (Figure 7b). Aetsame time,
the selectivities toward all other hydrocarbon fiats decrease, which points to an increase in the
chain growth probability of this catalyst at loweaction temperatures [44]. For the zeolite-supgabrt
catalyst, the selectivities to C2—C4 and C5-C1guyiéa 9) as well as I/N (C4) ratio (Table 4) decegas
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Figure8.
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Molar distribution of FTS products after 20 h oresim at 513 K, 15 bar total pressurg/GO = 2,
and iso-conversion conditions wheB1SV/ msre kg™ ! = 6.0 for Comesdi-ZSM-5 and 2.4
for the rest of the catalysts.

while the selectivity to C12+ increases.

The CO conversion and carbon selectivities of gatalsupported on acid-washed H-ZSM-5 and
mestl-ZSM-5 zeolites are compared in Figure 10. The cd@version over Co/H-ZSM{®w) is 20%
higher than that over Co/H-ZSM-Bf( inserts in Figure 7b and Figure 10). Thaalytic activity

Figure9.
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Carbon selectivity of FTS products after 20 h aean at 493 K, 15 bar total pressure, feed
composition H/CO = 2, and5HSV= 2.4 mise kg'ea: h™. In each carbon number group from left to
right: Co/SiQ, Co/H-ZSM-5, and Cohestl-ZSM-5. m: n-paraffins,z: sum of isoparaffins and
olefins. Insert shows the time-on-streal®§ evolution of CO conversion.
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improvement is also observed for @@sil-ZSM-5w) over Comesdl-ZSM-5 (Figure 10).
Nevertheless, the product distributions of Co/H-Z5MW) and Comesdl-ZSM-5(w) are to a large
extent similar as those of Co/H-ZSM-5 and i@esdl-ZSM-5, respectively.

Figure 11 depicts the catalytic performances of c&alysts supported on carbon loaded
mestl-ZSM-5. The CO conversion levels off with an irese in carbon content of the employed
support (Figure insert); thus, @uésdi-ZSM-5(21c)is more active than Cokesii-ZSM-507c) The
C5-C11 fraction decreases over @estl-ZSM-5(21c)yielding an increase in C12—-C20 as compared
with Coimesti-ZSM-507c) Moreover, both O/P and I/N ratios get lower witbhreasing the carbon
content (Table 4, Figure 11).

5.4. Discussion

The use of hierarchical ZSM-5 as cobalt supporfischer-Tropsch synthesis results in a deviation
of the ASF distribution: production of long-chaitydnocarbons is strongly reduced by secondary
reactions over the bifunctional catalyst. Modifyitige zeolite texture and surface chemistry by
desilication and acid washing alters its accessiba&nd interaction with the cobalt phase and
consequently the CO adsorption behavior and FT8yatadistribution.

Increasing the mesoporositia desilication provides the microporous zeolite wasential surface

area to support small metal particles and indeed;r§stallites are much smaller omesdi-ZSM-5

100

80:

X
80 {1 870
5 ]

01 5 lr—————————
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60 A
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50 - ®m Co/H-ZSM-5(w)
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S/ %

1 2-4 5-11 12-20 21+
n/-—

Figure10. Carbon selectivity of FTS products after 20 h oean at 513 K, 15 bar total pressure, feed
composition H/CO = 2, and5HSV= 2.4 nise kgea: h™. In each carbon number group from left to
right: Co/H-ZSM-Jw), Comesti-ZSM-5, and Cahestl-ZSM-5w). m: n-paraffins,z: sum of
isoparaffins and olefins. Insert shows the timestream TOS evolution of CO conversion.
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Figure1ll. Carbon selectivity of FTS products after 20 h aeam at 513 K, 15 bar total pressurg/GO = 2,
and GHSV = 6.0 msrp kg'cr h'. In each carbon number group from left to right:
Colmest-ZSM-5(07c) and Comestl-ZSM-5(21c) m: n-paraffins,z: sum of isoparaffins and
olefins. Insert shows the time-on-strea®§ evolution of CO conversion.

(Table 3). This improves the metal dispersion, hedce, the activity of Colestl-ZSM-5 is higher
than that of Co/H-ZSM-5 (Figure 7a).

After desilication, high concentrations of EFAI a@@med in mestl-ZSM-5 as evidenced by
pyridine adsorption (Figure 2). EFAI species magctavith Co to form cobalt aluminates which are
barely reducible [29] and thus inactive in Fischeppsch synthesis. Acid washing the H-ZSM-5 and
mestl-ZSM-5 supports removes the EFAI, especially fribva latter. Therefore, the FTS activity of
Co/mesti-ZSM-5(w) is higher than that of Cavesii-ZSM-5, in spite of their similar crystallite size
and lower Co content of the former (insert in Feyo).

Furthermore, the concentration of terminal silagr@ups on the support surface increases after acid
treatment (Figure D9/Appendix D), which may promtite adsorption of Co nitrate precursor during
impregnation. At lower metal loadings, small Costajlites are obtained on H-ZSMvb) resulting in
similar conversion levels as @oéstl-ZSM-5(w) (insert in Figure 10). These results further confi
that Co dispersion improvement is the main oridierthanced catalytic activity of Goesdl-ZSM-5
relative to that of Co/H-ZSM-5 at elevated Co |oayd.

Deposition of carbon on the zeolite support prminhpregnation enhances the FTS activity. The
catalytic activity correlates with the amount oflman deposited over the zeolite, since CO conversio
is at least 12% higher over @uésdi-ZSM-5(21c)than over Cahesti-ZSM-5(07c) (insert in Figure

11). Presence of carbon on the support may geneodi@t carbide during the catalyst preparation.
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Cobalt carbide is not active in FTS; however, rédgydhe supported cobalt carbide promotes the
formation of hexagonal cobalt phase (hcp) [45, Wl]ch is more active than face-centered cubic
cobalt phase (fcc) in FTS [46, 47]. The higher abation of hcp Co phase in Goésil-ZSM-5(07¢)
with respect to Co/H-ZSM-5 can be verified by tRedpectra of pre-adsorbed CO on Co-catalysts in
Figure 5: A band at 2050 ¢hhas been previously assigned to linearly coordth&@O to fcc phase of
Ca° on the surface of the catalyst [35], which agneith the prevalence of this crystalline phase in
Co/Si® and Co/H-ZSM-5. On the other hand, bands obseavedlower wavenumber of 2035 ¢m
have been assigned to CO adsorbed in linear fortmcprphase of CoThe shift of the maxima from
2054 in case of Co/H-ZSM-5 to 2046 for @wsil-ZSM-507c) confirms the dominance of hcp
phase over the latter catalyst. The use of carlmohoaganic modifiers has also been reported in the
literature to enhance the Co dispersion [48-50].

Increased selectivities to gasoline-range hydram@sband isoparaffins by combining the FTS
active phase and zeolites has been reported byaseweups [10, 11, 13, 16, 51, 52]. In line wittet
literature, our results with H-ZSM-5 (Figure 7) shthat this improvement is due to a non-lineardren
in the molar distribution of hydrocarbon produdgyre 8). A break in this ASF distribution at abou
C11 results in decreased selectivities to C12+ whannot be explained solely by a low intrinsic FTS
chain growth. Acid sites in the vicinity of Co ciBapromote acid-catalyzed reaction®., cracking
and isomerization [16]. It is speculated that cles@nity of these sites is especially effective to
convert the olefinic FTS products, before theytar@rogenated to paraffins.

Hydrocracking under FTS process conditions and eoaipe space velocities is obvious over
H-ZSM-5 andmes®i-ZSM-5 (Figure 6). However, in the case of suppdr€o samples, this is harder
to prove, since Co is an active hydrogenolysislgsttd53, 54]. Although hydrogenolysis may be
suppressed during FTS by competitive adsorptionCGf on the metal sites [55], this reaction
dominates in absence of CO (Figure 6b). On therotla®d, C4 isomers are typical products of
(hydro)cracking [56], and indeed, tie®- to n-C4 hydrocarbons increases considerably in theymtod
spectrum of the zeolite-supported catalysts (Tdbldnstant hydrocracking of FTS products on the
acid sites explains the observed cutoff in FTS pobdistribution of bifunctional catalysts in Figu8:
Hydrocarbons become more prone to hydrocrackinghels carbon number increases due to their
increased adsorption strength [14, 57], and coresgtyy their molar fractions progressively deviate
from a classical ASF distribution such as that eitéd by Co/SiQ.

The acid sites of Colestl-ZSM-5(07c) and Comesdi-ZSM-5(21c) are (partially) deactivated by
carbonaceous species, resulting in a decreasedtiggyeto the C5-C11 cut (Figure 11) and
isoparaffins (Table 4) which is more pronounced@oimesdi-ZSM-5(21c) This further confirms the

role of acid-catalyzed reactions in the alteredlpod slate for Cohesdl-ZSM-5 catalyst.
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As shown in previous works [13, 16, 58], the imp@dvCl and C5-C11 selectivities of
Co/mesti-ZSM-5 (or Comestl-ZSM-5w)) with respect to the Co/H-ZSM-5 (or Co/H-ZSNwb)
(Figure 7b and Figure 10) are attributed to maassort improvements in the former catalyst
particles. Lowem-C6 conversion and C1-C2 selectivities overn@@sdi-ZSM-5 as compared with
Co/H-ZSM-5 (Figure 6b) suggest that hydrocarbonrbgdnolysis is suppressed over the former. This
is due to an enhancement in diffusion of hydrocasbaut of the catalyst particle and demonstrates th
above-mentioned mass transport improvement.

In Figure 8, the methane level for all the Co-gatts (including Co/Sig) is higher than what is
anticipated by extrapolating the ASF distributiannt= 1, which points to a separate reaction that
generates C1 in parallel to FTS [59]. Co is knowibé an active hydrogenation metal, and therefore,
direct CO hydrogenation to methane is expected theeCo-based catalysts [60]. The lower O/P ratio
of all the zeolite-containing catalysts than thBCo/SiO, (Table 4) suggests that this hydrogenation
functionality is stronger when Co is loaded on HVES supports. Moreover, zeolite-supported Co-
catalysts are more active than Co/Si@ the hydrogenolysis reaction (Figure 6b) whichther
confirms this hypothesis.

According to our IR characterization by CO adsampt{Figure 5), more lower coordinated Co
surface sites are observed over the zeolite suppsrcompared to amorphous silica. The density of
lower index surface crystallographic planes or stepd corners increases as Co crystallite size
decreases [61], and indeed, Co oxide particlesao2 nm can be observed on H-ZSM-5 (Figure 3c
and D11/Appendix D). From these results, it is cld@at mesoporous H-ZSM-5 promotes the
dispersion of Co particles, resulting in a largeroant of such coordinatively unsaturated sites.|Ema
Co crystallites are very active in CO hydrogenaf@®?] and hydrogenolysis reactions (Fig. 6b) which
explain the higher C1 selectivity of Qeblitethan that of Co/Si®(Fig. 7b). So to demonstrate this
conclusionmesti-ZSM-5wCo) was tested in FTS reaction. A 51% carbon selégtioi C1 and an
O/P ratio of almost zero, obtained over this sanfpéble 4), further confirms that low coordinated C
sites (in this case promoted to fowna ion-exchange) are indeed very active in hydrogenat

As a consequence of the stronger hydrogenationtiunadity, the (on average) higher,H
concentrations at lower conversion levels overdaglyst bed also result in higher C1 selectivities
over the zeolite-supported catalystf. Comesd1-ZSM-5 in Figure 7b and Figure 10). Therefore, a
lower reaction temperature (lower conversion) m@y result in similar C1 selectivity as a higher
temperature (498ersus513 K) operation in contrast to Co/SiO

Similarly, this increased hydrogenation activityaBserved in the olefin selectivities where O/P
ratio increases for Co/Sly decreasing the reaction temperature, whereadytslightly decreases

for the zeolite-supported Co-catalysts (Table 4).
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5.5. Conclusions

H-ZSM-5-supported Co-catalysts combine Fischer-$cbpand acid functionalities. Introducing
mesopores in H-ZSM-5 by desilication provides ithasufficient mesopore surface area to be used as
FTS catalyst supports. Application of this bifuocial catalyst in FTS results in a high selectivay
liquid fractions and reduces the wax productioncampared to Co/Si© The high selectivity to
gasoline-range products over H-ZSM-5-supported lystta is visible as a cutoff in the molar
distribution above C11 in terms of the ASF disttibn of conventional catalysts (Co/S)OThis is
due to hydrocracking of primary FTS hydrocarbons easdenced by model hydroconversion
experiments. Partial deactivation of the acid byecarbonaceous species during catalyst synthesis
decreases thiso- to n-paraffin ratio and selectivity to gasoline fractiavhich further confirms the
abovementioned role of acid-catalyzed reactionsiing the product selectivity. On the other hand,
the strong Co-zeolite interaction results in forimabf more Co particles with lower coordinatiotesi
and a higher selectivity toward methane. The laitemttributed to the higher activity for CO

hydrogenation and hydrocarbon hydrogenolysis reastat such Co species.
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Chapter 6

Insights into the catalytic performance of
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Abstract: Mesoporous H-ZSM-5 ihesoH-ZSM-5’) was used as a carrier for a series afifmtional
Co-based catalysts for Fischer-Tropsch synthesth #rO, and/or Ru added as promoters. The
reducibility of the catalysts was studied in detgilusing temperature-programmed reduction and X-
ray absorption spectroscopy. A comparison of thalg#c performance of CokesoH-ZSM-5 and
Co/SiG (a conventional catalyst), after 140 h on-streegwueals that the former is two times more
active and three times more selective to the C5-ftddtion with a large content of unsaturated
hydrocarbons, next ta-olefins. The acid-catalyzed conversionmshexane and 1-hexene, as model
reactions, demonstrates that the improvement irséectivity toward gasoline-range hydrocarbons is
due to the acid-catalyzed reactions of the Fisdmepsch a-olefins over the acidic zeolite. The
formation of methane over the zeolite-supportedc@@lysts originates from direct CO hydrogenation
and hydrocarbon hydrogenolysis on coordinativelgatarated Co sites, which are stabilized as a
consequence of a strong metal-zeolite interacAdthough the addition of either Ze®r Ru increases

the catalyst reducibility considerably, it does affect the product selectivity significantly.
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6.1. Introduction

Fischer-Tropsch synthesis (FTS) is one of the nmogbrtant achievements of chemical industry in
the 20" century. The depletion of fossil resources over st few decades, the increasing price of
crude oil, the rapid increase in methane reseraad, environmental concerns have generated a
worldwide interest in practical applications of Fb&sed technologies. Different types of fossil-
(natural gas and coal) and renewable-based fedwsttan be converted into industrially relevant
chemicals, such as lower olefins and alcohols dsasalltraclean fuels, through the FTS reaction [1
The latter case is already commercialized through go-called low-temperature Fischer-Tropsch
(LTFT; catalyzed by Co or Fe) and high-temperatkrecher-Tropsch (HTFT; catalyzed by Fe)
processes [2]. However, these technologies areoetionlly feasible only at large scales [3, 4] and
therefore process intensification is needed iniagpbns with limited (and scattered) availabilay
feedstock €.g., biomass) and/or spaced., offshore flare gas).

Both LTFT and HTFT reactors are followed by produpgrading units in which hydrocracking
and/or isomerization of the products of FTS ardquered [5]. Therefore, one way to attain the above-
mentioned process intensification is to tune thé& pFoduct selectivity to eliminate the demand for
downstream conversion units [6].

Such efforts date to 1980s when combinations olitesowith the FTS active phase were reported
to “break” the classical Anderson-Schulz-Flory (ASproduct distribution [7, 8] Since then, the
integration of both Co- and Fe-based catalysts wéhous zeolite topologies has been studied at
different levels, such as catalyst bed layers (8, physical mixtures of catalyst particles [11],1&hd
coated catalysts [13]. A 7.5 wt% Co0-0.2 wt% Ru-lyatasupported on alumina-bound ZSM-5 has
been reported recently to demonstrate a stablempeahce and high selectivity toward C5-C20 up to
1500 h on-stream [14]. Co is claimed to be preseainly on the alumina binder of this hybrid
catalyst.

A systematic comparison of different Co-zeoliteatydt configurations reveals that the selectivity
toward liquid hydrocarbons increases as the prayilmétween FTS and acid sites increases in these
hybrid systems [15]. Such a contact can be maxiizg directly dispersing Co over the zeolite.
Because high metal loadings are typically requirethe catalyst formulations for FTS and zeolites
lack a sufficient external surface area, the usemebkoporous zeolites as catalyst carriers gave
promising results [16, 17]. On the one hand, th@rowed transport properties of hierarchically
structured zeolites increase the selectivity towiguaid hydrocarbons [18, 19]; on the other hame;rt
high mesopore surface area improves dispersioteaated metal loadings [15, 18-20]. Insights into
the catalytic performance of these bifunctionalabats would enable us to fine-tune their product

selectivity, making these catalysts attractivepi@ctical applications.
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Next Chapter (7) demonstrates that in an attemphasimize the performance of bifunctional
catalysts by steering the product selectivity tavbguid hydrocarbons, the topology of the zeolite
and, most importantly, the number and strength @fl sites are key parameters [20]. Herein,
mesoporous H-ZSM-5-supported Cea.(20 wt%) catalysts are studied further. Speciadrgitn is
given to thoroughly characterize metal reducibibityd to its improvement upon promoter addition.
Hydrocarbon conversion mechanisms over acid sidsGo are investigated by using the conversion
of C6 as a model reaction. The effect of such reaston the product selectivity and origins of
methane formation over the zeolite-containing Cialgat is discussed in detail. In all, through an
advanced catalyst characterization along with aildet catalyst assessment, a clear relationship is
drawn between structural characteristics of Ces(ipported on the zeolite) and its FTS activity and

selectivity.

6.2. Experimental
6.2.1. Synthesis

Amorphous Si@ (CARIACT Q-10) with surface area and pore volume283 nf g' and
1.35 cni g*, respectively, was provided by Fuji Silysia Cheahictd. (Japan). ZSM-5 zeolite in the
ammonium form with a nominal Si/Al ratio of 40 wasirchased from Zeolyst (CBV 8014) and
calcined at 823 K for 5 h to obtain H-ZSM-5. TPAQHM), HNG; (70 wt%), ruthenium(lll) nitrosyl
nitrate (1.5 wt%), and zirconyl nitrate (5 wt%) wibns as well as the cobalt(ll) nitrate hexahyelrat
salt were purchased from Sigma-Aldrich. All chertscaere used without any further purification.

Mesoporous H-ZSM-5 was prepared through base addraatments, as described earlier [19]: In
brief, desilication was performed in TPAOH aqueamdution (1 M) placed in a capped vessel
(volum@ase solutioWeighteoite = 8.0 cni gt) and at 343 K for 1 h under stirring in an oil thaThis
treatment was followed by immediate quenching imcanwater bath and centrifugation to separate the
zeolite powder from the solution. The residue @& tiesilicating agent was removed from the zeolite
crystallites through subsequent redispersion inrdeed water and centrifugation cycles until ndutra
pH was reached. The samples were then kept overmmi@83 K followed by drying at 393 K for 12 h
and calcination at 823 K for 5 h. After heat treatts, the mesoporous H-ZSM-5 samples were acid
treated in aqueous HNQ1 M; volumegid solutiodWeighteoie = 28.6 cmi g') at 343 K for 2 h under
stirring in an oil bath. After quenching, the saegplwere washed thoroughly with deionized water,
dried, and calcined similarly as after the aboveimeed desilication method. Mesoporous H-ZSM-5
before acid treatment is labeled amesoH-ZSM-50)’, and the acid-washed zeolite is labeled as
‘mesoH-ZSM-5'.
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The catalysts for FTS were prepared through innipieetness impregnation. All the supports were
dried overnight at 393 K before impregnation. Todst the promoting effect of ZrDa fraction of
mesoH-ZSM-5 was loaded with Zrc&. 5 wt%) by using a zirconyl nitrate solution. Tis@emple was
then kept overnight in a desiccator at room tentpegadried at 393 K for 12 h, and calcined at B23
for 5 h; the resulting sample was labeled as 4m@soH-ZSM-5. Amorphous SiQ
mesoH-ZSM-5(0), mesoH-ZSM-5, and Zr@/mesoH-ZSM-5 were used as carriers and loaded with Co
(ca. 20 wt% or 10 wt%, in one case, for each sample)digg aqueous cobalt(ll) nitrate hexahydrate
solutions as precursors. To investigate Ru asaysatpromoter, ruthenium nitrosyl nitrate was atlde
to the precursor solution and co-impregnated with t€ obtain a Ru loading of 0.3 wt%. After
impregnation, the samples were dried in a desic@t893 K as explained above. Then, the catalysts
were calcined at 673 K for 2 h. All the above-men#id drying and calcination steps were performed
at a heating rate of 2 K nifrand under static air conditions.

6.2.2. Characterization

N2 physisorption was performed in an Autosorb 6B yQitiantachrome Instruments) at liquid
nitrogen temperature (77 K). Before the experimtrg, samplesc@. 0.1 g) were degassed overnight
in an Autosorb Degasser unit (Quantachrome Instnishender vacuum at 623 K.

Elemental analysis was performed with Perkin-Elnm@gtima instruments. The samples were
digested in an acid mixture. After dilution, anatysvas performed by using inductively coupled
plasma optical emission spectrometry (ICP-OES).

The X-ray diffraction (XRD) patterns were recordedBragg-Brentano geometry with a Bruker D8
Advance X-ray diffractometer equipped with a LyneEposition-sensitive detector. Measurements
were performed at room temperature by using mommehtic Co ki (1 = 1.788970 A) radiation in the
20 range from 5° to 90°. All patterns were backgrognbtracted to eliminate the contribution of air
scatter and possible fluorescence radiation.

Temperature-programmed desorption of ammonias{lNPD) was measured with an AutoChem I
chemisorption analyzer (Micromeritics). The zeetiteitaining samplesd. 0.2 g) were first degassed
under He flow at 673 K for 1 h and then saturatéth WH3 at 473 K during 1 h by using a flow of
1.65% NH in He. The gas mixture was then switched backdapdatd the sample was purged at 473 K
for 1 h to remove the weakly adsorbed NNiolecules until no NElwas detected. Temperature-
programmed desorption was subsequently recordeer uthel flow from 473 to 873 K. All flow rates
were adjusted to 25 ¢y min’ and the heating rates were 10 K thituring different stages of the

experiment.
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The amount of Brgnsted and Lewis acid sites in 4Z5and mesoH-ZSM-5 were evaluated by
using pyridine adsorption, which was performed watiNicolet 6700 FT-IR spectrometer (Thermo
Scientific) equipped with a MCT/B detector. A z¢elsampleda. 0.05 g) was pressed at 1132 kgTm
for 5 s to form a self-supporting wafer of 1.5 crandeter. The sample was then degassed at 673 K for
2 h under vacuum [2 x Tombar (1 bar = 100 kPa)]. Pyridine vapor was adstepwise to the sample
at a known volume and pressure. After each stepsaimple was heated at 433 K to allow diffusion of
the probe molecules and then cooled to room termtiyperéor spectra collection [21]. This method was
repeated to estimate the extinction coefficienilurd further increase was observed in the areas of
adsorbed pyridine upon pyridine addition. Finatlyg sample was heated at 433 K under vacuum and
the final spectrum was recorded at room temperafDtging each measurement, 128 scans were
recorded in 1000-4000 ¢hrange at a resolution of 4 &mThe degassed sample was recorded as a
background spectrum.

Transmission electron microscopy (TEM) was perfaimégth an FEI Tecnai TF20 microscope
using a carbon-coated Cu grid. Before analysis, damples were reduced in arnp, How of
80 cnistp min™ at 773 K for 13 h (heating rate = 2 K m)rand transferred to the grid in a glove box.
For the introduction of the samples into the micopse, a transfer unit was used to prevent any conta
with air.

Temperature-programmed reduction by(AIPR(H;)) was performed with a homemade equipment.
The Co-containing samplesa( 0.1 g) were subjected to a 7.4% fibw of 27 cnisrpmin™ in Arin a
temperature-controlled reactor. The reactor tentperavas ramped from room temperature to 1223 K
(heating rate = 5 K mif), and the K consumption was monitored with a thermal conditgtiv
detector. Water was removed with a Permapure meralagyer. Calibration was performed with CuO
(Alfa Aesar), and total  consumption values were obtained from TPR(Hatterns. The ratio
between the FHconsumption and the corresponding theoreticaleyatalculated for the full reduction
of each catalyst (assuming all Co atoms to beaihitiin the form of CgO,4), was reported as the
degree of reduction.

X-ray absorption spectroscopy (XAS) was performetieamline X18A of National Synchrotron
Light Source in Brookhaven National Laboratory (NYSA). The beamline used the Si(111) channel-
cut monochromator and provided an energy range-25 &eV. All the measurements were performed
at room temperature in the transmittance modedémtiand transmitted X-rays were detected with ion
chambers. Extended X-ray absorption fine struct{EXAFS) and X-ray absorption near-edge
structure (XANES) data were collected on the K-eddgeCo. All Co-containing samples were
measured against the Co foil used as a referencgpical XAS experiments, the powder samples

were placed into a 1.27 cm stainless steel wasmérsaaled from both sides with the Kapton tape.
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This configuration enabled us to keep the sampiekiless constant. Air-sensitive sample®.,(
activated catalysts) were loaded into a dedica&dd The cell consisted of an airtight stainlessebt
chamber equipped with two Kapton windows for tharbgassing and a clamped cap for loading. The
sample holder was located in the middle of thi$ getler N atmosphere in a glove box and sealed.
The EXAFS data were processed by Athena (versi80®6). The background subtraction was
performed by using the automated single-varialbleniplemented in Athena. The Fourier transform of

the reciprocal space data was performed by usi¢itmning window in thke range of 2-10 A.

6.2.3. Acid-catalyzed reactions

The acid-catalyzed reactions were performed irxadfibed stainless steel reactor withexane
and 1-hexene as hydrocarbon model compounds. €kk fatalyst particles (0.250 g, 100-212 pm in
size) were fixed in the reactor (3.9 mm inner ditanebetween quartz wool plugs. The samples were
treated overnight under,Hlow at 673 K and atmospheric pressure. After icmplthe samples to
513 K, the pressure was increased to 15 bar, dmkguently, a mixture of C6,,Hand N was fed to
the reactor (space velocit$\) = 13 moks kg'ca ht, Ho/C6 = 9.0, and BH,=2.0). After 20 h on-
stream, the product was analyzed on-line at 363t &vCompact GC (Interscience) equipped with a
Porabond Q column (10 m x 0.32 mm) and a flamezaiion detector (FID) and using He as the

carrier gas.

6.2.4. Fischer-Tropsch synthesis

FTS experiments were performed on the six-flowdibbed microreactor setup described in Chapter
2. For all experiments, the fresh catalyst (0.2500§-212 pum in size) was diluted with SiC of sanil
size to attain a constant bed volume of approxilpdt8 cnt. Catalysts were activated situ before
the FTS reaction by Hat 773 K for 13 h at atmospheric pressure followgaooling to 453 K under
H, flow. After increasing the pressure to the prooesse (15 bar total pressure), CO was gradually
introduced into the feed stream at 453 K to reasHinal concentration (ACO = 1 or 2) in 1 h.
Subsequently, the reactor was heated to the proeeserature (513 K).

To regenerate the catalysts, CO was excluded fioenféed and the operating pressure was
decreased to atmospheric pressure undditad. Upon increasing the reactor temperature 8 K,
the samples were reactivatedsitu (as described) and a second FTS experiment wasdstes per the
above-mentioned method. All the above heating aradirny steps were performed at a heating rate of
2 K min™.

During FTS experiments, heavy hydrocarbons (waxjevwmllected with gas/liquid separators at

448 K and the reaction pressure. After expandiegtioduct flow to atmospheric pressure by gisin
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Tablel Textural and chemical properties of the supportsidsr catalyst preparation for FTS.

Support Treatment sequence S/infg! V/cnt gt Si/Alf
totaP mesg totaf micrd® mes6

Sio, None 293 248 1.35 0.02 1.34 f.a.

H-ZSM-5 None 460 52 0.26 0.18 0.08 41

mesoH-ZSM-5(0) TPAOH 653 426 0.68 0.10 0.58 22

mesoH-ZSM-5 TPAOH/HNGQ 691 470 0.67 0.09 0.58 41

ZrO/mesoH-ZSM-5 TPAOH/HNQ/Impregnation 602 412 0.57 0.08 0.48 h.d.

3 BET surface ared Mesopore surface area obtained from timbot applied to the Nisotherm;® Total pore volume® Micropore
volume obtained from thieplot; © Mesopore volume calculated ¥Seso = Viotar Vimicro, | Obtained from ICP-OES; Not applicable” Not
determined.

back pressure controllers, lighter hydrocarbonsvaaigr were collected in cold traps at approxinyatel
278 K. After separation from water, these liquiddiocarbons as well as the wax were weighted,
dissolved in Cg and analyzed offline with a simulated distillati¢SIMDIS) gas chromatograph
(Hewlett Packard HP 5890, Series Il) equipped aitht~ID and HP-1 column (7.5 m x 0.53 mm; film
thickness = 2.65 um) and using He as carrier gasin® the analysis, the oven temperature was
ramped from 308 to 623 K (ramp rate = 14 K Miand maintained at the final temperature for 5.min
N, CO, and C@as well as light hydrocarbons in the gas phase aealyzed on-line with a Compact
GC (Interscience) equipped with three columns atdalors in parallel and using He as a carrier gas.
In the first column (Carboxen 1010, 10 m x 0.32 miNy) CO, CH,, and CQ were separated at 333 K
and analyzed with a thermal conductivity detectorthe second column (&Ds/KCI, 10 m x 0.32
mm) and detection with an FID, separation betwde@k-C4 components was achieved at 434 K. In
the third column (RTx-1, 0.5 um, 15 m x 0.32 mm$-C10 hydrocarbons were separated at 353 K

and analyzed with an FID.

6.3. Resultsand discussion
6.3.1. Catalyst characterization

The total and mesopore surface area of H-ZSM-=earas by 40 and 720 %, respectively, and its
Si/Al ratio decreases from 41 to 22 after desiiaatwith tetrapropylammonium hydroxide (TPAOH)
owing to the creation of mesopores [22] (Table WIjoreover, the mesopore volume of
mesoH-ZSM-5(0) is approximately 7 times larger than that of H-Z8Mrhis increase is at the cost of
a slight decrease in micropore volume (0.18 an® @t g* for H-ZSM-5 andmesoH-ZSM-5(0),
respectively), which indicates a minor collapsetitég zeolite structure under basic conditions [23].
Nevertheless, the XRD patterns of the correspondatglysts (Figure E1/Appendix E) confirm that
the characteristic MFI structure is preserved af&silication [24]. The surface area and pore valum
of mesoH-ZSM-5 are barely altered with respect to thosenedoH-ZSM-5(0); however, the zeolite

Si/Al ratio is readjusted to the original value 4&fter acid treatment (Table 1). It was shoearlier
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Figurel. NHs-TPD profiles (10 K miff) of H-ZSM-5 zeolites. Nglwas adsorbed at 473 K.

that (the used) treatment with 1 M HRI@ effective only in removing the extra-framewalkminum
species and does not leach out aluminum from tZ&SM-5 framework [19].

NHs3-TPD profile of H-ZSM-5 shows the characteristicapeof strong Brgnsted acidity [16] at
approximately 700 K (Figure 1). This “high-tempewr&l’ peak is initiated by a tail at lower
temperatures, which originates from weaker Lewisl ages [19]. AlthoughmesoH-ZSM-5(0) does
not show any desorption of NHmnesoH-ZSM-5 shows a profile similar to that of H-ZSM@otably,
the peak at temperatures above 800 K corresponflan@work collapse, not to strong acidity) [20].
We conclude that the initial treatment with TPAOBsults in the partial ion-exchange of the
framework protons, which are recovered after amedttnent and calcination. The quantification of
acidity through pyridine adsorption (Table 2) shaheat the Brgnsted acid densityroésoH-ZSM-5 is
lower than that of H-ZSM-5; nevertheless, the coheions of Lewis acid sites are equal for both
samples. The addition of Zg@lightly modifies the acidic properties of supgothe high-temperature
peak shifts slightly to lower temperatures in thels-TPD profile of ZrQ/mesoH-ZSM-5 (4.6 wt%

Table2 Acid-type densities of H-ZSM-5 zeolites obtainetbtigh pyridine adsorption.

Support Brgnsted acid Lewis acid

pumol g* pmol umoj*t pumol g pmol pmoj,™?
H-ZSM-5 138 0.35 37 0.09
mesoH-ZSM-5 74 0.18 38 0.09
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Table3 Textural and chemical properties of the catalystd=TS.

Catalyst S/nfg? V/cnt gt ded / NM Loading/ wt%

totaP mesé totaf  micrd mes6 Co Ru Zr
Co/Sio, 199 180 0.89 0.01 0.88 16 186 h.a.na
Co/mesoH-ZSM-5(0) 442 272 0.45 0.07 0.38 11 20.7 n.a. n.a.
Co/mesoH-ZSM-5 509 311 0.50 0.08 0.41 10 23.8 n.a. n.a.
10 wt% CofmesoH-ZSM-5 564 371 0.55 0.08 0.47 10 10.7 n.a. n.a.
CoRumesoH-ZSM-5 464 288 0.40 0.07 0.33 10 17.7 0.3 n.a.
Co/ZrO,/mesoH-ZSM-5 420 260 0.37 0.07 0.30 12 18.0 n.a. 3.5
CoRu/ZrG/mesoH-ZSM-5 433 273 0.39 0.07 0.32 13 178 0.3 3.7

@ BET surface ared Mesopore surface area obtained from tméot applied to the Nisotherm:® Total pore volume? Micropore
volume obtained from theplot; © Mesopore volume calculated ¥$eso = Viotar Vimicro; fco crystallite size calculated frod{Cd’) =
0.75d(C0;0,), whered(Co;0,) is derived from XRD, applying the Scherrer equatfObtained from ICP-OES;Not applicable.

Zr). Moreover, a shoulder appears at approximd@bly K, which indicates a considerable increase in
the Lewis acidity of this sample owing to the preseof ZrQ [25] (Figure 1).
All the mesoporous supports given in Table 1 weseeléd with 18—-24 wt% of Co (Table 3), except

Figure2. Quasi insitu TEM images of catalysts for FTS after reductioHinat 773 K for 13 h. Scale bars
correspond to 50 nm.
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Figure3. Quas in situ dark-field TEM images of Co/SiJleft column: a, b, and c) and @a#soH-ZSM-5
(right column: d, e, and f) after reduction in & 773 K for 13 h. Scale bars correspond to 50 nm
(top row: a and d), 20 nm (middle row: b and e) &dim (bottom row: ¢ and f).

10 wt% ComesoHZSM-5, which was prepared with a lower Co loadofgl0.7 wt%. In addition,
0.3 wt% Ru-promoted catalysts were prepared owsoH-ZSM-5 and Zr@Q/mesoH-ZSM-5 supports.

The N, physisorption results reveal that at least 70¥hefmicropore volume is maintained after the
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Figure4. TPR(H) profiles (5 K mirt) of fresh catalysts for FTS.

impregnation of the active phas#. (Tables 1 and 3).

The average Co crystallite size, as calculated fiteenXRD data, is the largest for Co/SiQ6 nm)
and similar for all zeolite-supported catalysts{18 nm) (Table 3). According to TEM analysis, Co
particles form clusters over amorphous £i®hich results in an inhomogeneous distributiorthef
FTS active phase on this support (Figure 2a). Shatial distribution is to some extent improved in
the zeolite-supported catalysts; yet, regions Wwitiher Co concentration can be observed in all the
TEM micrographs (Figure 2 b—d).

The dark-field TEM images (Figure 3) of Co/Si@nd mesoHZSM-5 supports show smaller Co
particles that are dispersed more avesoH-ZSM-5 than over Co/Si©Any Co patrticle can hardly be
observed at the outer surface (edge) of the zeatitstallites, which indicates that most of the FTS
active phase is introduced into the mesopore spho®esoH-ZSM-5. TPR(H) profiles of supported

Co-catalysts are shown in Figure 4. The classiealdtep reduction of GO, via CoO to C8 [26, 27]
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Table4 Degree of reduction of the catalysts for FTS oladiby using TPR(}).

Catalyst Degree of reduction / %
Co/Sio, > 95

Co/mesoH-ZSM-5 67

CoRumesoH-ZSM-5 92
Co/ZrO,/mesoH-ZSM-5 > 95

CoRu/ZrG/mesoH-ZSM-5 > 95

occurs for Co/Si@below 800 K. A sharp peak at approximately 55GKlso observed in the profile
of ColmesoH-ZSM-5, which is followed by two broad peaks: aate600—-900 K and the other above
900 K. The latter two peaks merge in the case dRullvesoH-ZSM-5 and form a large peak at
approximately 700 K with a shoulder at approximat@00 K. Moreover, the onset temperature of
reduction and the positions of the peak maximat slyifapproximately 100 K to lower temperatures,
which suggests that the presence of Ru increasesath of Co reduction. Co/ZpnesoH-ZSM-5
demonstrates a pattern similar to that of m@sbH-ZSM-5, although it is apparent that hydrogen
consumption above 900 K has decreased upon &ddition. These results reveal that the redutybili
of Co is lower over H-ZSM-5 than over amorphous S@ing to a stronger metal-support interaction.
In addition, the presence of multiple reduction kse@n zeolite-supported catalysts indicates Co
species with different reactivities.

Degrees of reduction, as calculated from the todalsumption of kB are listed in Table 4. Co is
fully reduced over Si@) whereas the degree of reduction is 67% forn€siH-ZSM-5. With the
addition of either Ru or Zr§) this value increases considerably and reachegea®® %. Different
mechanisms have been proposed for the promotirgtefbf precious metals (Ru) and Zr@mall
amounts of Ru in the catalyst composition promofepillover and thus increase the rate of reduction
[28]. ZrO, forms an intermediate layer between the metalthedsupport, which reduces the metal-
support interaction [29]. Such mechanistic diffeesn are indicated by the observed changes in the
TPR(H,) profiles of CoRuhesoH-ZSM-5 and Co/Zr@mesoH-ZSM-5 compared with those of
Col/mesoH-ZSM-5.

The reducibility and coordination of Co on zeokigpported catalysts were also studied by using
XAS. EXAFS Fourier transform and XANES spectra ofsh and activated catalysts as well as
reference compounds at Co K-absorption edges axensim Figure 5.

The EXAFS data of fresh (supported) Co speciexchagacterized by the presence of two peaks,
which are characteristic of Co—O and Co—Co cootdinarespectively. The Co—O coordination can
still be observed in the EXAFS spectrum of thewvatad CamesoH-ZSM-5 catalyst, demonstrating an

incomplete reduction of Co, which is in agreemwith the TPR(H) results. In contrast, activated
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Figure5. Fourier-transformed EXAFS (Co K-edge, not phaseemed) (a—e) and XANES (f) spectra of
fresh and activated catalysts for FTS (redugeah in situ in H,). Spectra f correspond to £
(1), cd (2), fresh Co/Zr@mesoH-ZSM-5 (3), activated Co/ZrfimesoH-ZSM-5 (4), fresh
CoRu/ZrGQ/mesoH-ZSM-5 (5), and activated CoRu/ZsthesoH-ZSM-5 (6).

Co/ZrO)/mesoH-ZSM-5, CoRu/Zr@/mesoH-ZSM-5, and CoSiQ catalysts all have a local atomic
structure similar to that of the Co foil, which dmms a full reduction of Co.

The XANES spectra of Co/ZghmesoH-ZSM-5 and CoRu/ZrgmesoH-ZSM-5 are characterized
by a pre-edge peak at approximately 7710 eV, aisiom the $—-3d transition, which is only
quadrupole allowed for coordination sites withoemtric symmetry, and an edge peak at 7717 eV [30-
32]. According to the edge position, £n is the major Co phase in these promoted catalyisits;
observation is in agreement with the XRD and TPRfsults. After activation, the XANES spectra
of Co/ZrQy/mesoH-ZSM-5 and CoRu/ZrgmesoH-ZSM-5 resemble that of the Co foil. Theigist
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Figure6. Conversion and product selectivities in C6 hydrasogion over mesoH-ZSM-5 and
CoRumesoH-ZSM-5. Data were collected after 20 h on-streand18 K, 15 bar total pressure,
H,/C6=9.0, N/H, = 2.0, andSV =13 moks kg‘lcat h. Eithern-hexane or 1-hexene was used, as
indicated in the legend.

difference can be due to the metal-support intemastthat can induce a perturbation on the eletron
structure and hence on the spectral features T38.results obtained from XAS are consistent with
the improved reducibility and degree of reductidrCo upon promotion with Zr@(Table 4), which
reveal that Ru addition to the Zr@romoted catalyst is not necessary for activatemperatures
above 773 K.

6.3.2. Catalytic performance

Lower hydrocarbons (C3—-C5) are detected in the ymbdtreams upon feeding C6 (in a mixture
with Hy) over mesoH-ZSM-5 (Figure 6). C6 conversion increases from #/06% if n-hexane is
replaced by 1-hexene in the feed stream. Thisréifiee in conversion implies that olefins are much
more reactive in the acid-catalyzed reactions dwer zeolite support. Hydrocarbon conversion
reactions ovemesoH-ZSM-5 do not lead to methane formation. Howewvesarly full conversion of
n-hexane and a 99% methane selectivity are obtdgadcorporating Co intonesoH-ZSM-5. These
results reveal that hydrocarbon hydrogenolysisesigminant over Co.

In FTS, the cobalt-time-yielddTY; number of CO moles converted per kilogram of @ohmur) of
Co/mesoH-ZSM-5 is almost two times higher than that of 8i@, (Figure 7). At the same time,
calculations assuming spherical Co particles widmeters equal to those reported in Table 3 show
that the ratio of CO turnover frequencies betweemEsoH-ZSM-5 and Co/SiQis approximately
1.1, which is in line with the general belief tl@&d-based FTS is not structure sensitive if padicle
larger than 6—10 nm [33]. The initial activity obfthesoH-ZSM-5 increases with the addition of either

Ru or ZrQ to the catalyst composition. Howeve@TYs of all the zeolite-supported catalysts become
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Figure7. TOSevolution of theCTY during FTS at 513 K, 15 bar total pressure, femdposition H/CO =1,
andGHSV = 12 rﬁ’ng kg_lcat h_l.

similar after approximately 80 h on-stream.

The carbon selectivities to different FTS produantges over promoted and unpromoted catalysts
are shown in Figure 8. Under the applied processlitions, Co/SiQ is highly selective to C21+
(wax). Wax production is suppressed considerabr ¢ive zeolite-containing catalysts, which results

in higher carbon selectivity toward gasoliagge hydrocarbons (C5-C11) as well as to &1.

100

] Xeol % GHSV [ mégp kg, !

g0 {Co/sio, 17 12
{Co/mesoH-ZSM-5 39 12

80 {CoRu/mesoH-ZSM-5 29 12
{CoRu/mesoH-ZSM-5 39 4.8

70 1Co/ZrO,/mesoH-ZSM-5 29 12
1CoRu/ZrO,/mesoH-ZSM-5 29 12

60 -
] A

S/ %
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Figure8. Carbon selectivity toward products of FTS after T0n-stream. In each carbon number group
from left to right: Co/SiQ, CoinesoH-ZSM-5, CoRumesoH-ZSM-5, CoRumesoH-ZSM-5,
Co/ZrO,/mesoH-ZSM-5, and CoRu/ZrgdmesoH-ZSM-5. m: n-paraffins,z: sum of isoparaffins and

olefins. Experiments were performed at 513 K, 15 twdal pressure, and feed composition
HZ/CO =1.
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Figure9. Carbon Selectivity distribution of liquid hydrocarbons foed over CoanhesoH-ZSM-5. Liquid
products were collected after 140 h on-stream 8t15115 bar total pressure, feed composition
HJ/CO = 1, GHSV = 12 niste kg'eca W', and were analyzed by 2D GC. The associated 2D
chromatogram is presented in Figure E2/Appendix E.

comparison of CaoesoH-ZSM-5 and CoRumesoH-ZSM-5 catalysts under iso-conversion conditions
shows a minor effect of Ru in terms of altering tda¢alyst product distribution (Figure 8). In gealer
the selectivity toward C1S(;) decreases only slightly by introducing Ru and{o®,. A detailed
analysis of liquid products formed over @e50H-ZSM-5 (in the FTS reaction) shows a large frattio
of unsaturated hydrocarbons, other thaslefins, in the sample (Figure 9). (Notably, atrinution of
aromatics plus oxygenates to the liquid products 8.3 wt%.)

The time-on-streamlQS) evolution of CO conversiorXte) during 140 h on-stream demonstrates
that the stability of CaonesoH-ZSM-5 in terms of activity is comparable to tladtCo/SiQ (Figure
10). Methane selectivity is fairly constant over/8i®@, during 140 h on-streantd. 6%), whereas it
increases from 11 to 14% with timeX&s decreases by 9% over @&soHZSM-5. Once the catalytic
activity is restored after regeneratiorfc; decreases again (Figure 10). In contrast to
Co/mesoH-ZSM-5, no C4 isomers are produced over CofSihe iso- ton-C4 ratio (I/N (C4)) over
the former catalyst decreases witBS and reaches a steady-state level after approxyn@deh on-
stream. The I/N (C4) of the reactivated catalystimilar to that of the fresh catalyst, which iraties
that the acid sites are recovered.

To investigate the effect of conversion level &1 over the zeolite-supported catalyXto was
varied by changing the space velocities at diffet&iCO ratios of 1 and 2. Data reported in Table 5
indicate that increasing theldoncentration by changing the/BO ratio from 1 to 2 results in 5-10%
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Figure10. TOS evolution of CO conversiorXteg), methane (C1) selectivity, and iso-rt&C4 ratio (I/N (C4))
over Co/SiQ (a) and CahesoH-ZSM-5 (b) during FTS at 513 K, 15 bar total press feed
composition H/CO = 1, andGHSV = 12 nisrkg e bt Solid symbols correspond to the first
reaction run; open symbols correspond to the sepemction run ovein situ reactivated catalysts
(in Hy at 773 K for 13 h).

increase irg:;. Furthermore, this value is higher at low@p for both H/CO ratios.

6.3.3. Discussion

The acid-catalyzed hydroconversion of C6 confirhet hydrocracking is feasible under the applied
LTFT process conditions (Figure 6), which is cotesis with the literature [10, 11]. This finding
explains the increased selectivities to liquid tiats over the H-ZSM-5-containing catalysts (Figure
8). A close contact between the metal for FTS and sites is reported to be of crucial importance i
this respect: [15] if acid site domains are in #a@nity of FTS sites at a nanometer scalalefins,
which are the primary products of FTS, may cracksomerize before they are hydrogenated. The
closer these sites, the higher the probabilitycfacking to occur. The conversion of 1-hexene isimu
higher than that afi-hexane ovemesoH-ZSM-5 (Figure 6). The classical mechanism of saciadl-
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Tableb CO conversion and carbon selectivity to product$88 over CahesoH-ZSM-5 after 22 h on-
stream at 513 K, 15 bar total pressure, and diftefeed composition JCO ratios and space

velocities.
H,/CO GHSV Xeo! % S/ %
msp kg lea N2 c1 C2-C4 C5-C11 C12-C20 C21+ £0
1 4.8 48 10 12 62 12 1 3
1 12 42 12 14 56 16 1 1
2 12 83 17 15 51 15 0 2
2 24 55 20 17 48 14 0 1

catalyzed reactions, through the rearrangement afeeondary carbocation into a protonated
dialkylcyclopropane, increases the degree of bragclof hydrocarbons [34]. Because FTS may
mainly produce linean-olefins, a considerable fraction of other unsaadaydrocarbons shown in
Figure 9 are formed over the acid sites.

Ru has (de)hydrogenation activity, which promotes d@cid-catalyzed hydrocarbon reactions [35].
At the same time, Ru increases the reducibilitgrmofll Co particles (Figure 4), which are active for
hydrogenolysis [36]. Thus, Ru promotes hydrogenslysmdirectly) and, in the absence of CO, this
reaction over the 20 wt% Co-catalyst is prevalehigire 6). As a consecutive reaction,
hydrogenolysis may even convert the products ohtli@-catalyzed reactions into C1 (and C2).

The higher activity of CotesoH-ZSM-5 compared with that of Co/Si@Figures 7 and 10) is a
result of a smaller Co crystallite size (Table 8 &mgure 3). Both catalysts demonstrate a sinfias
stability in terms of CO conversion. Sintering s immportant cause for the deactivation of Co-based
catalysts for FTS [37, 38] and can be suppresseddxmizing the spatial distribution of active phas
particles over the support surface [38, 39]. Trarefthe availability of accessible surface areanis
advantage in the design of stable catalysts (stggb@n mesoporous H-ZSM-5) for FTS [18]. The
representative TEM images in Figures 2 and 3 shmawthe Co distribution in the mesopores of the
hierarchical zeolite is slightly better than thaimorphous Si©

The TPR(H) and EXAFS results (Figure 5) reveal that the toldiof promoters (Ru and/or ZgD
increases the reducibility and degree of reductan smaller cobalt oxide crystallites over
mesoH-ZSM-5. Although large Co particles do not re-azalin the FTS reaction environment, the re-
oxidation of smaller crystallites (< 4 nm) stantsain early course of the reaction [40, 41]. Therfo
the CTY of the promoted catalysts, which is initially hegh reaches values similar to that of the
unpromoted catalysts after a gradual decrease r@=igu The fact that both Co/ZsesoH-ZSM-5
and CoRu/Zr@mesoH-ZSM-5 (with similar Co loadings and crystallitzes; Table 3) present fairly
identical values and trends in tR@©S evolution of CTY (Figure 7) supports the EXAFS data in the

sense that the addition of Zr@ sufficient to fully reduce Co by using the &ation method.
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The carbon selectivity toward C1 over @esoH-ZSM-5 is more than two times larger than that
over Co/SiQ (Figure 8). The possible sources for such a higthame selectivity are as follows) &
poor catalyst reducibility, i) a low chain growth probabilityaf in FTS, (ii) acid-catalyzed
hydroconversion reactions, and/)(side reactions over Co. Sources 1 and 2 incrédaseaate of
methane formation through FTS, whereas in the oaseurces 3 and 4, other reactions generate C1
along with FTS. The contribution of each sourcdissussed below:

(i) Figure 8 shows that promoter addition and redutggbignhancement do not significantly

change the methane selectivity.

(i) In line with previous reports [15, 18-20], the fiimaoal molar distribution of products of FTS
has a nonlinear shape for the H-ZSM-5-containinlgsts (Figure E3a/Appendix E). The
only exception is CaesoH-ZSM-5(0), which is devoid of strong Brgnsted acidity (Figu)
and represents a linear ASF product distributiohictv is similar to the case of Co/SIQA
‘break’ in the ASF product selectivity at about QCE2gure E3a/Appendix E) can be translated
into a lower a for higher hydrocarbons, which can eventually éase the formation of
methane. Thé&:; of CoimesoH-ZSM-5 is 2% higher than that of QuésoH-ZSM-5(0) at iso-
conversion (Figure E3b/Appendix E).

(ii)No methane was detected during the conversion obv@é the bare zeolite (Figure 6), which
agrees with the general belief that the hydrocragknechanism over acid sites does not lead
to C1 [34]. Furthermore, if over-cracking insidee theolite pores was the main origin of the
large production of methane over the Co-containgagalysts, then ColesoH-ZSM-5(0)
should have represented a much lower carbon satgdoward C1. However, the catalytic
performance results shown in Figure E3/Appendixuke rout this possibility. Therefore,
alleviating the effect of the above-mentioned sesrc(1-3) may lowerS:; (over
Co/mesoH-ZSM-5) only by a few percent at maximum.

(iv)Among Fe and Co, the hydrogenation activity of €stronger [42]. The Co-based catalysts
for FTS are more sensitive (than Fe) to changethénprocess conditions [42] (such as
temperature and #CO ratio). Moreover, the C1 level is typically hiay for Co-based catalysts
than what is anticipated by extrapolating the ASStrithution ton = 1 (Figure E3a/Appendix
E). In the case of our zeolite-supported Co-cats)ysoth direct CO hydrogenation to methane
(CO + 3H —» CH; + H,0O) and hydrogenolysis are expected to occur becho#e side
reactions become important on smaller Co partidéss is a result of the larger,ldoverage
over lower index surface crystallographic planesteps and corners [43] (of which the density
increases as Co crystallite size decreases) [44lrdgenolysis is a structure-sensitive reaction
that will compete with direct CO hydrogenation otlee small metal particles [45]. Although
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this reaction could be suppressed at low CO comuesowing to competitive CO adsorption
[46], it can be observed from Figure 6 that in #ieence of CO, the zeolite-supported Co
converts hydrocarbons into methane in a yield 662@ 513 K.

In line with our previously reported CO adsorpti@sults [19], the TPR(}) results reveal that the
nature and thus the reactivity of Co sites is mueterogeneous over the zeolite-supported catalysts
than over Co/Si@(Figure 4). We conclude that owing to the strormgz€olite interaction (Figure 4),
lower coordinated Co sites are stabilized overzewite support. Therefore, this catalyst is seresio
changes in Kl concentration as well and demonstrates an inadesskectivity toward C1 as the,H
concentration is higher at lower conversion le&kble 5). This observation explains why in corttras
to Co/SiQ, & increases with time over GoésoH-ZSM-5 with a decrease in CO conversion (Figure
10).

At similar conversion levels, a catalyst with a ®wCo loading of 10.7 wt% has 4% more
selectivity toward C1 (Figure E3b/Appendix E). Atoaver Co loading, more defects are expected on
the metal crystallites; therefore, this result Hiert confirms the above-mentioned hypothesis on the

main source of methane formation over the zeolifgsrted Co-catalysts.

6.4. Conclusions

Mesoporous H-ZSM-5 nfesoH-ZSM-5) is prepared through base and acid treanei a
commercial ZSM-5 zeolite (Si/Al = 40). The baseatreent with tetrapropylammonium hydroxide
increases the mesopore surface area considerathlgemctivates the Brgnsted acidity of the zeolite.
The decreased Si/Al ratio, caused by zeolite aagitin, is set back to the original value throulgé t
succeeding treatment with HNQwhich also regenerates the Brgnsted acidityodtied with Co, the
resulting mesoH-ZSM-5-supported Co-catalyst is much more activentthe conventional Co/SiO
catalyst. After 140 h on-stream, @®&50H-ZSM-5 is three times more selective to the C5-C11
fraction than is Co/Si@ A large contribution of unsaturated hydrocarbanber tharu-olefins, to the
liquid products as well as the conversion rehexane and 1-hexene indicate that the improved
selectivity toward the gasoline fraction owes te #econdary acid-catalyzed reactions of Fischer-
Tropscha-olefins over the zeolite.

With the addition of either Ru or Zgpromoters, the reducibility of zeolite-supported iGcreases
considerably, which leads to an increased initetlakytic activity, that disappears at longedS.
Nevertheless, promoters do not affect the produistrilbution significantly. The TPR(H and CO
adsorption (Chapter 5) results reveal that thetagcof Co is diverse as supported on mesopokdus
ZSM-5. In this respect, a large contribution of &awoordinated Co sites promotes methane formation
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through the direct hydrogenation of CO and hydrofsis and makes the catalyst sensitive to

changes in Blconcentration in terms of selectivity toward C1.
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Abstract: Bifunctional Co-based catalysts on zeolite suppante applied for the valorization of
biosyngas through Fischer-Tropsch synthesis (FTEB). using these catalysts, wax can be
hydrocracked to shorter-chain hydrocarbons, inongathe selectivity towards the C5-C11 (gasoline-
range) fraction. The zeolite topology and the am@nd strength of acid sites are key parameters to

maximize the performance of these bifunctional lgats, steering FTS product selectivity towards
liquid hydrocarbons.




Effect of zeolite structure in hierarchical zeoktigpported cobalt-catalysts

7.1. Introduction

The growing concerns about oil depletion have suumorldwide interest in finding alternative
feedstocks for important petrochemical commodites fuels. In this context, the development of
efficient routes to transform biomass into useh#micals and fuels is of primary importance. Among
possible options for the valorization of biomasasification (followed by syngas cleaning) [1] and
Fischer-Tropsch synthesis (FTS) hold much promisewidespread application in the near future,
given the maturity reached by both technologies [Rurrently, however, gas-to-liquid (GTL)
technologies are only economically attractive atyuarge scales. Process intensification is a nfust
these tools are to be applied for biomass-to-ligBiflL) conversions, where the on-site availabibfy
the feedstock is an obstacle [3].

Both reactor and catalysis engineering have beploeed in GTL process intensification: while the
use of structured catalysts and reactors maximieE$TS efficiency by improving mass and energy
transport [3-6], many efforts have been devotedotoulating catalysts that maximize the direct
production of liquid fuels (desired products) bymdmoning FTS, hydrocarbon cracking, and
iIsomerization into one single catalyst particle ], A promising approach involves the use of
mesoporous (hierarchical) zeolites as supports Hb§ catalysts [9-11]. For example, bringing
H-ZSM-5 acid sites in close proximity to the FTSiae phase results in bifunctional catalysts that
exhibit a high selectivity to the gasoline fractid2]. Most studies dealing with the use of ZSMs a
catalyst carrier proposed that hydrocarbon crackimg isomerization contribute to a non-Anderson-
Schulz-Flory (ASF) product distribution [9, 13-15However, very little is known about the
quantitative effect of both of these acid-catalyeegictions, and even less about how the propeaties
the zeolite influence the product distribution. §hChapter demonstrates that when seeking to
maximize the performance of bifunctional catalysgssteering FTS product selectivity towards liquid
hydrocarbons, the topology of the zeolite and, nmagbrtantly, the number and strength of acid sites
are key parameters.

7.2. Experimental
7.2.1. Synthesis

Amorphous SiQ was provided by Fuji Silysia Chemical Ltd. (CARIAGQ-10). Mesoporous
H-ZSM-5 (‘mesoH-ZSM-5’) was prepared bgiemetalationvia consecutive base and acid treatments:
H-ZSM-5 powder (Zeolyst, CBV 8014, Si/Al = 40) wdssilicated by 1 M tetrapropylammonium
hydroxide (Sigma-Aldrich) at 343 K for 1 h. Afteemaration from the base solution, the sample was
thoroughly washed with deionized water and keptmight at 333 K, followed by drying at 393 K for

12 h and calcination in static air at 823 K for.5The desilicated zeolite was treated with 1 M HNO
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aqueous solution at 343 K for 2 h to remove Al agaljust its Si/Al ratio. After separation from the
acid solution, the sample was thoroughly washet detionized water, dried, and calcined as after the
above-mentioned desilication procedure. The H-IT@&mple was prepared according to the
procedure described by Corneh al. [16, 17]. Mesoporous H-USY zeolitenmgsoH-USY’) was
obtained through alkaline treatment of a commerzailite sample in presence of a pore-directing
agent, as described previously [18]. H-USY powdao{yst, CBV 780, Si/Al = 40) was treated with
0.075 M NaOH (Sigma-Aldrich) and 0.1 M tetrapropglaonium bromide (ABCR Chemicals
Karlsruhe) in a Mettler Toledo EasyMax batch reastgstem at 338 K for 0.5 h. After filtration and
drying, the sample was transformed into the prdtom by three subsequent ion-exchanges in 0.1 M
NH4NO; solution at room temperature for 8 h and calcorain static air at 823 K for 5 h.

The amorphous Siand zeolite samples were loaded vai#h 20 wt% of Co, by applying incipient
wetness impregnation using an aqueous solution ofNGs),:6H,O (Sigma-Aldrich). After
impregnation, samples were kept overnight in aatesdr at room temperature and dried at 393 K for

12 h. Subsequently, the catalysts were calcinathitic air at 673 K for 2 h.

7.2.2. Characterization

Elemental analysis was performed with PerkinEImeti®a instruments. After sample dilution,
analysis was done by inductively coupled plasmé&alpemission spectrometry (ICP-OES).

Pyridine adsorption was followed by a Nicolet 6760-IR (Thermo Scientific) instrument
equipped with a MCT/B detector. Zeolite sample$f{sgpporting wafers) were degassed at 673 K for
2 h under vacuum. Pyridine vapor was dosed to dhgpke stepwise. After each step, the sample was
heated to 433 K to allow diffusion of the probe ewlle and subsequently cooled to room temperature
for collection of spectra. This procedure was régedo estimate the extinction coefficient until no
further increase was observed in the areas of bdd@yridine upon dosage. Finally, the samples were
heated to 433 K under vacuum and the final spectasirecorded at room temperature. During each
measurement 128 scans were recorded in the ra@§e-4000 crit at a resolution of 4 cth Spectra
of degassed samples were collected as background.

Temperature-programmed NHiesorption (NBTPD) was measured by using an AutoChem II
Chemisorption Analyzer (Micromeriticsa. 0.2 g of the each zeolite sample was first degbissder
He flow at 673 K for 1 h and then saturated withaNit1473 K during 1 h, using a flow of 1.65% NH
in He. The gas mixture was then switched back t@ahtkéthe sample was purged at 473 Kcdarl h
to remove the weakly adsorbed Niolecules. TPD was subsequently recorded unddioMe from
473 to 850 K. The heating rates were 10 K frituring different stages of the experiment.
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Transmission electron microscopy (TEM) was doneising a FEI Tecnai TF20 microscope and a
carbon-coated Cu grid. Prior to analysis, sampleweduced in Hat 773 K for 13 h (2 K mif) and
transferred to the grid in a glove-box.

7.2.3. Fischer-Tropsch synthesis

FTS experiments were performed on the six-flowdiboed microreactor setup described in Chapter
2. For all experiments, 0.25 g of fresh cataly€i0&212 um) was diluted with SiC of similar size to
attain a constant bed volume @f 1.3 cni. Catalysts were activated situ prior to FTS reaction by
Ho, at 773 K for 13 h at atmospheric pressure folidg cooling to 453 K under Hlow. After
increasing the pressure to the process value (ltta pressure), CO was gradually introducedto t
feed stream at 453 K in order to reach its finalaamtration (H/CO = 1) in 1 h. Subsequently, the
reactor was heated to the process temperatureKR18 rate of 2 K min* was applied for all the

heating/cooling steps.

7.2.4. Acid-catalyzed reactions

Acid-catalyzed reactions were performed in a fiked reactor over 0.25 g of catalyst particles
(100-212 um). The samples were dried overnight uRddlow at 673 K and atmospheric pressure.
After cooling to 513 K the total pressure was iased to 15 bar and subsequently a mixtune-G6,
H,, and N was fed to the reactor. After 20 h on-stream, dalkection started at different reaction
temperatures. The reactor was kept at each teraperar 3 h before product analysis. The product
stream was analyzed online by a Compact GC (Interse), equipped with a Porabond Q column at

363 K (10 m x 0.32 mm) and FID, using He as cagas.

7.3. Resultsand discussion

Three zeolites were chosen, with different framdwtopologies, in proton form: MFI (H-ZSM-5),
delaminated MWW (H-ITQ-2), and FAU (H-USY). The %&es were used as supports for Co-based
FTS catalysts. H-ITQ-2 was used (as support) withifatther modification, while H-ZSM-5 and
H-USY (both obtained commercially) were leachetasic solutions to increase their external surface
area byca. 800 and 250 %, respectively (Table F1/Appendixs&e Section 7.2.1). The increased
mesopore surface areas of the hierarchical zedditebles to load larger amounts of Co onto the
samples [11, 12] and also improves their accestyitbdr reactant molecules, benefitting the activit
and selectivity of the bifunctional reactions comgghto their purely microporous counterparts [19].

mesoH-ZSM-5, mesoH-USY, and H-ITQ-2 have very similar bulk Si/Al r@$ (of about 40) but
different acid properties. H-ITQ-2 has the highdstsity of acid sites and Lewis-to-Brgnsted iacid
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Tablel Textural and chemical properties of the supports.

Support Sresé / NP gt Si/AIP / mol mol® Brgnstefl/ umol g¢  Lewis’ / umol g*
Sio, 248 n.&. n.a. n.a.
mesoH-ZSM-5 470 43 74 38

H-ITQ-2 604 43 109 111
mesoH-USY 324 38 53 21

2 Mesopore surface area obtained fromttpiot applied to the Nisotherm; Obtained from ICP-OES;Amount of Brgnsted acid sites
obtained from pyridine adsorptiochAmount of Lewis acid sites obtained from pyridexsorption® Not applicable.

ratio (Table 1). However, in TPD experiments, ]\desorbs from this zeolite at lower temperatures
than from mesoH-ZSM-5 (Figure 1). This indicates that H-ITQ-2 hageaker acidity than
mesoH-ZSM-5 [20] (note that the ‘high-temperature’ peak H-ITQ-2 corresponds to framework
collapse, not to strong acidity). On the other hamdsoH-USY was severely steamed and acid-
leached prior to desilication and thus has the stwencentration of acid sites (Table 1), the gjtten
of which is comparable to H-ITQ-2 (Figure 1).

The hierarchical zeolites were loaded wath 20 wt% of Co and evaluated as FTS catalysts at 513
K using a model syngas mixture with @/@G0O ratio of 1, similar to that of gasified biomg24].
Co/SiG (no acidity) served as reference, representingnaentional FTS catalyst [12].

The catalytic activities of CoiesoH-USY and CahesoH-ZSM-5 proved similar, and higher than
the activities of Co/H-ITQ-2 and Co/Si@QFigure 2a). When considering that the averagessid the
Co crystallites of the ColesoH-ZSM-5 and CahesoH-USY samples are smaller than the average size
of the crystallites of Co/SiD(Table F1), the trend in FTS activities can beilaited to better
dispersion of the active phase over the zeolitgpeup. Moreover, the time-on-stream evolution of

cobalt-time-yield (number of CO moles converteetr filogram of Co per hour) during 140 h o

e

mesoH-USY

H-ITQ-2

mesoH-ZSM-5

500 550 600 650 700 750 800
T/K

Figurel. NHs-TPD profiles (10 K miit) of mesoH-ZSM-5, H-ITQ-2, andmesoH-USY. The NH was
adsorbed at 473 K.
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Figure2. Time-on-streamTOS) evolution of cobalt-time-yieldGTY) during FTS (a). Carbon selectivity of
FTS products after 140 h on-stream (b). In eacharanumber group from left to right: Co/SjO
Co/mesoH-ZSM-5, Co/H-ITQ-2, and CafesoH-USY; m: n-paraffins;z: sum of isoparaffins and
olefins; I/N (C4):iso- to n-C4 ratio; O/P (C2-4): olefin to paraffin ratio @2—C4. Experiments
were performed at 513 K, 15 bar total pressured feemposition KH/CO=1, andGHSV =
12 nPsrpKg ™ cac ™.

reaction demonstrates that the stability of thditeesupported catalysts in terms of CO conversson
comparable to the conventional Co/gi@atalyst (Figure 2a). Sintering, the major caude o
deactivation for Co-based FTS catalysts [22, 23} ba suppressed by maximizing the spatial
distribution of active-phase crystallites over Support surface [23, 24]. Therefore, the availgbiif
accessible surface area is crucial when aimingeigd stable FTS catalysts. Representative TEM
images in Figure 3 show that the distribution ofi@side the mesopores of the hierarchical zeddite i
similar to that in the amorphous SiO
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Figure3. Quasi insitu TEM images of Co/Sig(a) and CaihesoH-ZSM-5 (b) upon reduction intat 773 K
for 13 h.Scale bars correspond to 50 nm.

Figure 2b shows the carbon selectivities to difiefeéTS product ranges for the four catalysts under
study. Under the applied process conditions, Ca/$iOved highly selective to C21+ (wax). In good
agreement with data reported earlier [9, 11, 12,2H, wax production is suppressed considerably
over the zeolite-containing catalysts, resultingaihigher selectivity to gasoline-range hydrocagbon
(C5-C11). CahesoH-USY still produces 12% of wax, while selectivity this fraction is minimal
over ComesoH-ZSM-5 and Co/H-ITQ-2. Notably, the selectivity tthe C5-C11 fraction of
Col/mesoH-ZSM-5 isca. 14% higher than the selectivities of @esoH-USY and Co/H-ITQ-2 to this
fraction.

The molar distribution of FTS hydrocarbons followes fairly linear trend for Co/Si9
Co/mesoH-USY, and Co/H-ITQ-2, implying an ASF product distition for these catalysts (Figure 4).
This reveals that the change in carbon selectsvitienesoH-USY- and H-ITQ-2-supported catalysts
compared Co/SieXFigure 2b) is due to a lower chain growth philily (o). CofesoH-ZSM-5, in

1.E+00
1.E-01
g
] 44
1.E-02 :3323:'0.,
I Eles,®
~ | | M L 4
> 1E-03 {e Co/siO, sl
A Co/mesoH-ZSM-5 4
1E-04 3m Co/H-ITQ-2
@ Co/mesoH-USY
1.E05 +—F—F7——F—7——7 7177+
1 3 5 7 9 11 13 15 17 19

n/-

Figured. Molar fractional distribution of FTS products afte40 h on-stream at 513 K, 15 bar total pressure,
feed composition CO = 1, andGHSV = 12 nisre kgea h™.
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Figure5. Product yields oh-C6 hydroconversion ovanesoH-ZSM-5 (solid symbols) and H-ITQ-2 (open
symbols) at different temperatures. Data were culd after 20 h on-stream at 15 bar total
pressure, Bn-C6 = 9.0, N/H, = 2.0, andBV = 13 moks kg 'ca ™.

contrast, does not display a linear chain growghdr The catalyst displays arnvalue similar to that
of Co/SiQ up to C11, but there is a progressive deviati@mfran ASF distribution for the molar
fractions of heavier hydrocarbons (Figure 4).

This non-ASF trend has been attributed to secondsgtions, catalyzed by the acid functionality
of the zeolite [8]. To gain more insight into pdssi acid-catalyzed reactions occurring under FTS
conditions, additional experiments were performsohgin-hexane as a C6 model hydrocarbon in a
mixture with H at a temperature and pressure similar to the BEdframents (Figure 5). In the
reaction temperature range (473-513 K) we studiedpH-USY does not show any conversion (data
not included in Figure 5). On the other hand, Gfners are observed when examining the H-ITQ-2
andmesoH-ZSM-5 samples. Also, in contrast to H-ITQ-2, isasing amounts of lighter hydrocarbons
are detected ovenesoH-ZSM-5 as the reaction temperature increases.eftwe, under the conditions
applied heremesoH-ZSM-5 catalyzes both hydroisomerization and hgdroking, H-ITQ-2 is mostly
active for hydroisomerization, whileesoH-USY is either inactive or deactivates rapidly.

These results explain the different product slatate three zeolite-based samples compared to the
conventional catalyst reported in Figure BesoH-USY has a low density of weak acid sites, which
are not capable of catalyzing the hydrocarbon cmiwe reactions at a low temperature (513 K).
Therefore, CahesoH-USY displays only FTS functionality (similar toofSi0,); however, when using
this catalyst the product distribution is shiftedawer hydrocarbons due to a lowewralue. H-ITQ-2
has a high density of acid sites active for isogpaion. Thus, Co/H-ITQ-2 combines both FTS and
acid functionalities and, indeed, the ratios- to n-C4 (I/N (C4)) products obtained when using this
catalyst is higher than the ratios obtained whengu€ofmesoH-USY and Co/SiQ (insert in Figure
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2b). Branched hydrocarbons may not participatdénchain propagation as effectively as linear ones,
further decreasing the chain growth probabilityth@lgh wax production can be eliminated at lower
values, as dictated by the ASF distribution thidl Veiad to increased selectivities towards C1 and
C2-C4, which are not as valuable as liquid hydtomas (Figure 2b). FinallynesoH-ZSM-5 exhibits

a stronger acidity (relative tmesoH-USY and H-ITQ-2, Figure 1) resulting in activifpr both
isomerization and hydrocracking at 513 K (Figure &)d hence hydrocracking of primary FTS
products takes place on @®soH-ZSM-5. As a result, the fraction of gasoline-rarigydrocarbons is
considerably larger when using @aesoHZSM-5 than when using the other catalysts.

H-ITQ-2 and mesoH-ZSM-5 show comparable vyields to C6 isomers imhexane
hydroisomerization (Figure 5). Moreover, both tleeresponding Co-catalysts have the same ratio of
I/N (C4) in FTS (insert in Figure 2b). However, pi@o/mesoH-ZSM-5 deviates from an ASF product
distribution (Figure 4). This implies that hydrolban isomerization alone is not enough to lead t@ no
ASF catalytic behavior, and points to the crucilerof cracking activity in the performance of

bifunctional FTS catalysts.

7.4. Conclusions

Co-catalysts supported on hierarchical zeolitesvsastable catalytic activity in FTS using model
biosyngas mixtures. Zeolite acid density and stifelage essential parameters to tune the FTS product
selectivity towards liquid hydrocarbons. Only sioacid sites, active for hydrocracking at the
operating temperature window of Co-based FTS cstiglygive rise to deviations from a conventional
ASF product distribution. Altogether, this Chapléghlights the importance of carefully selecting th
zeolite topology when developing intensified presssfor the direct production of liquid fuels from

biosyngas.
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Chapter 8

Design and development of catalyst formulations mhaximize the direct production of liquid fuels
by combining Fischer-Tropsch synthesis (FTS), hgdrbon cracking, and isomerization into one
single catalyst particle (bifunctional FTS catdlystve been investigated in this thesis.

To achieve this aim, a second functionality (ottean FTS) has to be added to the catalyst
formulation to break the limitation of a classidahderson-Schulz-Flory (ASF) distribution of FTS
products. Since upgrading the FTS hydrocarbonsoistisnbased on acid-catalyzed reactions, zeolites
are potential candidates for this approach. In tkiation, recent literature highlights the use of
H-ZSM-5 for the following reasons: (1) it is onetbe few zeolites industrially produced and applied
for acid-catalyzed hydrocarbon conversion reacti¢2sdue to its narrow channel type structure and
well distributed acid sites, it represents a (re¢dy) stable catalytic performance, especiallyoat-
temperature Fischer-Tropsch process conditions,(&ntdesides acid-catalyzed cracking, it has a fair
iIsomerization and oligomerization activity at lo@ntperatures which is essential to increase theecta
number in case of gasoline cut and improve the ftoWd properties of diesel (Chapter 1).

All the FTS experiments in this thesis were perfednon a homemade lab-scale unit described in
Chapter 2. The experimental setup is based orflemx{fixed-bed microreactor’ concept which offers
an increased experimental throughput as well aaracg. The latter is due to equal conditions (in
terms of process temperature, feed compositionipewnt conditionsetc.) under which the six
parallel experiments are performed. The conditierthat all the reactors (flows) should behave
identical,i.e., provide similar results employing the same catalpesign and operation of such piece
of equipment confirm that indeed it is possibleotatain reproducible activity and selectivity data
within an acceptable experimental error (Chaptetr@orporation of separate mass flow and pressure
controllers as well as product separation unitseath flow allows running reactions with high
production of liquid fractions (as in conventionsihgle-flow operations). This is crucial for a
complete quantification of FTS product compositicarsl will represent an advantage over high-
throughput setups with more than ten flows whem@hgastrumental considerations lead to elevated
equipment volume, cost, and operation complexityer&fore,a six-flow fixed-bed microreactor
unit combines the advantages of high-throughput anadonventional FTS setups at the lab-scale
(Chapter 2).

In Chapter 3, combination of cobalt FTS active ghasd acid functionality of H-ZSM-5 zeolite is
explored in two different catalyst configuratior(§f H-ZSM-5 as catalytic coating on Co and) (
H-ZSM-5 as catalytic support for Co. Spherical gthCo/SiQ is chosen as a conventional FTS
catalyst for comparison and used as precursorrttheygize the H-ZSM-5-coated Co-catalyst.

In the first case, various silicalite-1 and H-ZSMé&ated reference samples were prepared by

subjecting Co/Si@to a direct hydrothermal procedure (state of thtengethod to prepare zeolite
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coatings). Silica in the Co/Sigatalyst transforms into the zeolite when subpbttethe hydrothermal
synthesis while the original shape of the suppopreserved after the transformation. By this sgsith
approach, Cg, agglomerates are enwrapped in an H-ZSM-5 coatim@g cnanometer scale. The
resulting bifunctional catalyst considerably lowdéhe production of FTS wax (C21+), as compared
with Co/SiQ. The membrane effect of this coating, howevenlltesn mass transport limitations that
lower the productivity. In the absence of acid timuality, accumulation of carbonaceous species
deactivates the silicalite-1-coated reference gsttallhe H-ZSM-5-coated Co-catalyst shows lower
CO conversion levels than the conventional CofSi@e to the membrane coating. This lower activity
and modification of Co crystallites because of higdrothermal treatment should be considered as the
major drawbacks of this approach.

On the other handystematic comparison of catalytic performances beieen physically mixed,
coated catalyst, and non-acidic coated catalysts ®his that the close proximity between the FTS
and acid components is essential for improving thbifunctionality of the catalyst to increase the
selectivity towards liquid products and eliminate he FTS heavy hydrocarbongChapter 3). Such
contact can be maximized when Co is directly dispe@rover the zeolite (configuratiom)). Since the
Co accessibility is better in this configuratiomitations associated with the membrane effect of a
zeolite coating can be overcome while preserving tmportant close proximity of the two
functionalities.

To compensate for the relatively low intrinsic aityi of FTS catalysts and to increase their
productivity, high metal loadings are typically udged in FTS catalyst formulations. In general,
microporous zeolites are devoid of mesopore suréaea, essential for an optimal dispersion of Co
particles at high metal loadings. On the other hdoxnation of metal clusters in the micropores is
undesired, as Co particles smaller than 6 nm ateoptmal for FTS in terms of activity and
selectivity. Therefore, mesoporous H-ZSM-B¢soH-ZSM-5’) is studied as carrier for Co-based FTS
catalysts in Chapters 4to 7.

Synthesis optimization ofmesoH-ZSM-5 involved demetalatiowia consecutive base and acid
treatments. NaOH (alkaline) and tetrapropylammonilyadroxide (TPAOH, organic) bases were
employed as desilicating agents. Consecutive l@si-treatments provides H-ZSM-5 with high
mesopore surface areas and volumes. Under simdatment conditions, NaOH results in a more
severe desilication than TPAOH, creating mesosirastwith pore sizes and volumes very similar to
the amorphous Si{reference support. A more controlled desilicatioth TPAOH gives rise to more
mesoporosity suggesting a higher degree of hieyandth large cavities communicated with smaller
mesopores. Further, TPAOH is preferred over NaQit:esNd is a well-known poison for Co-based
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FTS catalysts and trace amounts results in a I6W& activity as compared with the organic base
treated samples (Chapter 4).

The consecutive acid treatment (with HY®@emoves the produced extraframework aluminum,
caused by zeolite desilication, and boosts the &dttvity. Moreover, the acid treatment restores the
Bragnsted acidity ofmesoH-ZSM-5 (Chapter 5).

The large mesopore surface areameboH-ZSM-5 improves the metal dispersion at elevated C
loadings.The Co/imesoH-ZSM-5 catalyst is a much more active catalyst tha Co/H-ZSM-5 and
the conventional Co/SiQ. Moreover, time-on-stream stability of ComesoH-ZSM-5 and Co/SiG,
is comparable in terms of CO conversion, during 14 of FTS reaction. As compared with
Co/H-ZSM-5, the improved transport properties mésoH-ZSM-5 increase the selectivity of the
supported Co-catalyst towards liquid hydrocarbarglawers that to methan€he high selectivity to
liquid hydrocarbons over H-ZSM-5-supported catalyss is visible as a cutoff in the molar
distribution above C11 in terms of the ASF distribuion of conventional catalysts €.9., Co/Si0O,).
Measurements after 140 h on-stream show that QmesoH-ZSM-5 is ca. three times more
selective than Co/SiQ towards the C5-C11 cut, producing a large fractionof unsaturated
hydrocarbons, other than a-olefins. Moreover, wax production is considerablysuppressed over
the zeolite-containing catalyst{513 K, 15 bar total pressure, feed compositiefCB® = 1, andGHSV
= 12 nfsrp kg*eat %) (Chapters 5 and 6).

Origins of methane selectivity over zeolite-suppdrt Co-catalysts are also investigated.
mesoH-ZSM-5 was used as carrier for a series of Co4b&SES catalysts of different loadings with
ZrO, and/or Ru added as promoters. By means of advaoatdyst characterization techniques
(includingquasi in situ dark field transmission electron microscopy, CQagtion-diffuse reflectance
infrared fourier transform spectroscopy, synchmotbased X-ray absorption spectroscopy (EXAFS
and XANES),etc.) in addition to a detailed catalyst performanceeasment, a relationship is drawn
between structural characteristics of Co (when supd on the zeolite) and its FTS activity and
selectivity. Addition of either Zr@or Ru considerably increases the Co reducibiligruactivation at
773 K and improves the FTS activity during thetfid® h of reaction after which the activity is
returned to that of the unpromoted catalyst. Thislgst promotion does not significantly affect the
product selectivity (Chapter 6Methane selectivity over the zeolite-supported Coatalysts
originates from direct CO hydrogenation and hydrocabon hydrogenolysis as the most
important side reactions on coordinatively unsaturéged Co sites, which are stabilized as
consequence of a strong metal-zeolite interactigiChapters 5 and 6).

In addition tomesoH-ZSM-5, other zeolite topologies were investigatesdFTS catalyst carriers:
delaminated MWW (H-ITQ-2) and mesoporous FAU (Ckapl). All the zeolite supports were
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carefully characterized for their number and sttergf acid sites by temperature-programmedsNH
desorption and pyridine adsorption. To explore th&e of acid-catalyzed reactions, including
hydrocracking and isomerization, in the altereddpid distribution of zeolite-containing catalysts
(with respect to conventional ones), acid-catalyzewdel reactions of C6 n{hexane or
1-hexene) were performedeolite acid density and strength are essential pameters to tune the
FTS product selectivity towards liquid hydrocarbons Only strong acid sites, active for
hydrocracking at the operating temperature window & Co-based FTS catalysts, give rise to
deviations from a conventional ASF product distribdion (Chapter 7). On purpose (partial)
deactivation of Brgnsted acidity mesoH-ZSM-5 by carbonaceous species (during catalysthegis)
decreases thiso- to n-paraffin ratio and selectivity to gasoline fractiavhich further confirms the
above-mentioned role of acid-catalyzed reactionsining the product selectivity (Chapter BYhen
acid site domains are in a close vicinity of FTS teis at a nanometer scaley-olefins, which are
primary FTS products, may crack or isomerize beforethey are hydrogenated. Indeed 1-hexene
conversion is considerably higher than that ofn-hexane overmesoH-ZSM-5 (Chapter 6). The
classical mechanism of such acid-catalyzed reagtidhrough rearrangement of a secondary
carbocation into a protonated dialkylcyclopropan¢éhoough a bimolecular mechanism, increases the
hydrocarbons’ degree of branching. Since FTS mainlgngroduce lineara-olefins, considerable
amounts of other unsaturated hydrocarbons in thuediproducts are formed over the acid sites.

Altogether, our results demonstrate that the usaeadoporous zeolites as FTS supports holds many
promises for the direct synthesis of liquid fuelenfi syngas. The challenges that still need to be
addressed include a better control over the prosklettivity of bifunctional catalysts. In this pest,
it is essential to tackle the aforementioned ofg)irof methane production on the zeolite-supported
Co-catalysts. In addition, more insight is requitedurther separate and define the contributions o
‘the metal’ and ‘the zeolite/acid’ functions in tleeerall product spectrum of these catalysts. While
neglected or poorly described in the open litegtwuch insight is necessary for further catalyst
optimization in relation to the product spectrund giractical applications. Detailed acid-catalyzed
hydrocarbon conversion studies, under conditiohsvamt to that of FTS, together with reference
experiments and detailed kinetic investigations @mesidered essential for a better understanding of
bifunctional FTS systems. Finally, the long termbdgity of these catalysts is largely unexplored.

As an ongoing research, a new PhD project has tigcstarted on this topic at the Catalysis

Engineering section of Delft University of techngjo
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— Appendix A

Six-flow operations for catalyst development in
Fischer-Tropsch synthesis:. Bridging the gap
between high-throughput experimentation and

extensive product evaluation

Presentation of equipment descriptions and modstocated with Figure 2 and 3/Chapter 2,
additional temperature profiles and schematic dmge;i catalyst characterization, and additional

product chromatograms, associated with Chapter 2.
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Setup configuration

Table Al Equipment descriptions and models associated vigilw& 2 and 3 of Chapter 2.

Equipment

Description

Feed and mixing section

SV 14
Filter 1-4
PR 1-4
PR 5
SRV 14
SRV 5
OWT 14
MFC 1-4
MFC 11-16
Cv 14
CV 5-10
TWV 14

EH
wcu

FS (1)
FS (2)
BPC 1
PR 6

R1-3
CV 26

Solenoid valves foriNH,, CO, and ‘a fourth gas’ supplies; pneumaticallypatd; Swagelok SS-43S4
Filters for i, H,, CO, and ‘a fourth gas’ supplies; VIC| ZBUFR2F

Pressure reducers for N,, CO, and ‘a fourth gas’ supplies; DRAGER TESCOM 44-2128-816
Pressure reducer fop, Supplied downstream to the FBMs; VERIFLO 44100622

Safety relief valves; relief at 65 bar tqassure; Swagelok 55-4R3A1

Safety relief valve; relief at 55 bar totadgsure; Swagelok 55-4R3A1

Traps for @and HO removal from N, H,, CO, and ‘a fourth gas’ supplies; AIR LIQUIDBxisorb 1001882
Mass flow controllers forINH,, CO, and ‘a fourth gas’ supplies; Bronkhorst F-21RE-11-V

Mass flow controllers for,Nsupplied downstream to the FBMs; Bronkhorst F—204100-RAD-11-V
Check valves for )\NH,, CO, and ‘a fourth gas’ supply lines; Swagelok SSE2

Check valves for Nsupply lines, connected downstream to the FBMsadalok SS-2C-1/3
Three-way valves, switching,NH,, CO, and ‘a fourth gas’ between the reactor maahifold vent;
pneumatically actuated; Swagelok SS—41XS2

Electrical heater for CO supply;< 573 K; custom design

Water cooling unit for CO supply; custom design

Flow sensor installed downstream the SRVs

Flow sensor installed upstream of the WCbhémitor the cooling water flow

Back pressure controller for the vent line; GGRBID01Q5K11L

Pressure reducer for the low-pressuyrsupply; GO PR1-1C11A3C111

Rotameters for controlling the flow rates af-pressure Nsupply

Check valve for the low-pressure $lipply line; S—2C-1/3

Flow division section

BPC 2

MFC 5-10
CV 11-16
SRV 6-11

Reaction section

Back pressure controller for the feed line; GG-B®M01Q5K11L

Mass flow controllers for feeding the FBMBspnkhorst F—201C-RA-11-V
Check valves for the feed supply lines &0RBMs; Swagelok SS-2C-1/3
Safety relief valves; relief at 40 bar tpt@ssure; Swagelok 55-4R3A1

Oven Large heating box with a door, providing atmte for the feed, six-flow fixed-bed microreactamd products;
Heraeus T/UT 6420

FBM 1-6 Fixed-bed microreactors in an electricalnpweistom design, constructed in-house

BPC 3-8 Back pressure controllers for pressure adamtin the reactors; GO LB1-1A01Q5J272

Separation/analysis

HT 1-6 Hot traps for wax separation; 30°%cgustom design, constructed in-house

AQV 1-6A-B Air operated valves to empty HT 1-6; pmatically actuated; VICI ASFVO2HT4

LCV 1-6 Liquid collection vessels for collecting theavy wax; 50 cfip Duran 21 801 17 5

CV 17-23 Check valves functioning as relief; crackingssure: 1.7 bar total pressure

MV Manual operated on/off valve, closed at the iigeollection period; Swagelok SS-4P4T-BK

FWV 1-7 Four-way valves; Swagelok SS—43YTFS2

Refrigerator

Cooling box with a door, providing actehvironment for the products (in CTs); Frigor
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Continued
Equipment Description
CT 1-7 Cold traps for collecting water and light lyehrbons; 250 ciDuran 10 922 34
EWSV 1 Eight-way selection valve for sampling fréiBM 1-6 in operation mode)( pneumatically actuated; VICI
A6SFSMWE-BCD
EWSV 2 Eight-way selection valve for sampling fr&iBM 1-6 in operation modei); pneumatically actuated; VICI
A4SFSMWE-BCD
CV 24 Check valve for GC line
CV 25 Check valve for inlet line to FM
FM Flow meter; Ritter TG05/5
Heated Line Line heated by a heating tape
GC Compact Gas Chromatograph; Interscience
(a) Tzone 5 JaVA
Tzore 4 [N
Q T zone 3 -
\qj T zone 2 -
2
o Tzone 1 PAVE
a
=
L
160 -} ,
113:42:05 113:47:34
TiIme / hh:mm:ss
() 20- oldest -
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2 mins ago
3
g 1mins 3ago P
c
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o
Q

0=}

I ] I
158 160 162 164 166

temperature /¢

Figure Al. Temperature of individual heating sections (‘zonks5) of the six-flow fixed-bed microreactor
versus time (a). Temperature along the six-flow fixed-beitroreactor at a time interval of 1 min
(b). The temperature program included equal settp@ind a heating rate of 2 K mifor the five
heating sections. Temperatures of all the fiveihgatections stay fairly equal during the program.
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qi
O
(]D:
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N, flovi |_) |_) |_) |_) |_)
To vent <€ ,J ,J ,J ,J ?
LCV LCV LCV ECV ECV

(i) (i) (i) (iv) (v)

Figure A2. Schematic drawing showing how the hydrocarbon sanwldrained from HTs into LCVs by a
subsequent sequence of opening and closure of AOafsd B (two normally-closed air-operated
on/off valves): The system pressure allows disahgrthe wax, first from HTs into a piece of tube
that is illustrated by the white oval in the letigiograph (sequendeiii), and consequently in
LCVs (sequenceii—v). This draining operation is done every 6-24 hpeteling on the wax
production, during the course of FTS reaction. Aftes reaction, the draining operation is done
every 2-3 h while the setup is flushed overnightNeyAn inert environment is kept inside LCVs
by ca. 100 cni min™ flow of N, at atmospheric pressure.

Catalyst
Characterization

N, physisorption was performed in an Autosorb-6B y@uantachrome Instruments) at liquid
nitrogen temperature (77 K). Prior to the experitmes 0.2 g of the samples were degassed overnight
in an Autosorb Degasser unit (Quantachrome Instnishender vacuum at 473 K.

Elemental analysis was performed with PerkinElmptit®a 5300dv instrument. Sample was first
digested in a mixture of 2.00% HCI, 1.00% HF an2b% HSQO,. Analysis was done by inductively
coupled plasma optical emission spectrometry (IESPD

The X-ray diffraction (XRD) pattern was recorded Bnagg-Brentano geometry in a Bruker D8
Advance diffractometer equipped with a Vantec posit sensitive detector and graphite
monochromator. Measurement was performed at roonpdeature, using monochromatic Cax K
radiation £ = 0.179026 nm) in thef2region between 10° and 100° with step size of I*¥hd step
time of 1 s. The sample was placed on a Si {51@state and rotated during the measurement. The
XRD pattern was background-subtracted to elimirthe contribution of air scatter and possible
fluorescence radiation. Data evaluation was dottle thie Bruker program EVA.

Temperature-programmed reduction by @#PR(H)) was performed on an in-house constructed
equipment.Ca. 0.1 g of Co/Si@ was subjected to 27 &gtp mint flow of 7.4% H in Ar in a
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temperature controlled reactor. The reactor temperavas ramped from room temperature to 1173 K

with a heating rate of 10 K minand the H consumption was monitored by a TCD. Water was

removed by a Permapure membrane dryer.

Results

Table A2 Textural and chemical properties of $€dpport and Co/SiTatalyst.

Support/Catalyst S/infg? Vicnt gt Co

totaf mes8 totaf micrd” mesé wtod ded/ nm
SiO, 293 248 1.35 0.02 1.34 f.a. n.a.
Co/SiQ, 231 203 1.04 0.01 1.03 9.3 15

3 BET surface ared Mesopore surface area obtained from timbot applied to the Nisotherm;® Total pore volume® Micropore
volume obtained from theplot; © Mesopore volume calculated ¥Seso = ViotarVimicro, | Obtained from ICP-OES: Co crystallite size
calculated frond(Cc®) = 0.75(Co;0,), whered(Co,0,) is derived from XRD, applying the Scherrer equatioNot applicable.

Reduction temperature
___» during in situ activation
in FTS experiment.

400 500 600 700 800 900 1000 1100
T/K

Figure A3. TPR(H) profile (10 K min') of fresh Co/Si@catalyst.
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Product analysis

T_,\JL,\/ Sample
8,1P, 140, 1[, 12, f , , 20, 24, 28, 32, 36, 40, 44
J A A Reference (a mixture of n-paraffins)
u N N
2 4 6 8 10 12 14 16 18 20 22
t/ min

Figure A4. SimDis GC chromatogram of liquid FTS hydrocarbawlected after 20 h on-stream over 10 wt%
Co/H-ZSM-5 at 513 K, 15 bar total pressure, feeshposition H/CO = 2, andGHSV = 2.4 miste
kg b n: carbon numbehe SimDis GC (Hewlett Packard 5890, Series 18dsipped with an
FID and HP-1 column (7.5 m x 0.53 mm, film thicke&s65 pum), using He as carrier gas. During
the analysis, the oven temperature is ramped 86B81to 623K (14 K min") and kept at the final
temperature for 5 min. Samples are diluted with kEore injection.
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'Zeolite-coated' Versus 'zeolite-supported
bifunctional catalysts for the direct production of

liquid fuels from syngas

Presentation of additional ;Nphysisorption data and thermogravimetric analyassociated with
Chapter 3.
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Experimental
Characterization

N, physisorption was performed in an Autosorb-6B y@uantachrome Instruments) at liquid
nitrogen temperature (77 K). Prior to the experimea 0.1 g of the samples were degassed overnight
in an Autosorb Degasser unit (Quantachrome Instnishender vacuum at 623 K.

Thermogravimetric analysis (TGA) was performed onMaettler Toledo TGA/SDTA851
equipment, where 0.014-0.021 g of fresh and spmmatysts was screened for the change in its mass
while heated from 298 to 1123 K with a heating @t& K min* under 100 cfyrp min™ of air flow.

Results

120 -
S/ColSiO,
80 -
S/Co/SiO,-noTEOS
40 T T T T T T T T
160 800
120 - - 600
< 1
I -
™ /
£ 80 17—+ z/Co/sio, - 400
—~ <«
> Z/Co/SiO,-noTEOS
40 - L 200
—\
{ colsio,
J
O T / ] T 1 T 1 T T T O
0 / 0.2 0.4 0.6 0.8 1

Co/SiO,-hydro P/p,

Figure B1. N, physisorption isotherms of the samples at 77 K.
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Figure B2. Pore size distribution of samples, derived fromatisorption branch of \physisorption isotherms
at 77 K, employing BJH method.
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Figure B3. N, physisorption isotherm ahesoH-ZSM-5 at 77 K.
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~~
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4
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Figure B4. TGA analysis of fresh and spent catalysts afteln 2@&-stream at 533 K, 10 bar total pressure, feed
composition H/CO = 2 andGHSV / mPste kg'co W' = 25.8. During the TGA experiment, samples
were heated under air flow with a heating rate Kf&in™.
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Breaking the Fischer-Tropsch synthesis selectivity:
Direct conversion of syngas to gasoline-range
hydrocarbons over hierarchical Co/H-ZSM-5

catalysts

Presentation of additional,Nbhysisorption data, X-ray diffraction patternanperature-programmed
NH3 desorption profiles, transmission electron micopscimages, thermogravimetric analysis, and

additional catalyst performance data, associatéd @hapter 4.
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Experimental
Characterization

N2 physisorption experiments were performed in ano8oitb-6B unit (Quantachrome Instruments)
at liquid nitrogen temperature (77 K). Prior to #geriment, all samples were degassed overnight in
an Autosorb Degasser unit (Quantachrome Instrurpantier vacuum at 623 K.

The X-ray diffraction (XRD) patterns were recordedBragg-Brentano geometry in a Bruker D8
Advance diffractometer equipped with a Vantec posit sensitive detector and graphite
monochromator. Measurements were performed at neonperature, using monochromatic Ca K
radiation § = 0.179026 nm) in thef2region between 10° and 100° with a step size @83%. The
samples were placed on a Si {510} substrate anatedtduring measurements. All patterns were
background-subtracted to eliminate the contributibair scatter and possible fluorescence radiation

Elemental analysis was done by inductively couglesdma optical emission spectrometry (ICP-
OES technique) with PerkinElmer Optima instrumemtansmission electron microscopy (TEM) with
a field emission gun was done by a FEI Tecnai T2froscope operated at 200kV using a carbon
coated Cu grid.

Temperature-programmed NHdesorption (NBTPD) was measured by an AutoChem I
Chemisorption Analyzer (Micromeriticsa. 0.2 g of the zeolite support was first degassetbuhiie
flow at 673 K for 1 h and then saturated with \al 473 K during 1 h, under 1.65% Bkl He flow.
The gas mixture was then switched back to He aad@mple was purged at 473 K for 1 h to remove
the weakly adsorbed NHnolecules. TP desorption was recorded afterwandemuHe flow, from 473
to 873 K with a heating rate of 10 K rfinAll the flow rates were adjusted to 25 % min™.

Thermogravimetric analysis (TGA) was performed onMaettler Toledo TGA/SDTA851
equipment, where 0.018-0.044 g of fresh and spaatysts was screened for the change in its mass
while heated from 298 to 1123 K with a heating @t& K min* under 100 cfyrp min™ of air flow.

Fischer-Tropsch synthesis

FTS experiments were performed on the six-flowdibed microreactor setup described in Chapter
2. For all experiments, 0.5 g of fresh catalysttipkes were fixed in the reactor inserts using tpar
wool. Samples were first activatéu situ by 80 cristp min™ of H, at 673 K for 12 h at atmospheric
pressure followed by cooling down to 453 K under fldw. After increasing the pressure to the
process value (15 bar total pressure), CO was ghgdatroduced to the feed stream at 453 K in orde
to reach its final concentration ##£0 = 2) in 1 h. Subsequently, the reactor wasduett the process

temperature (493 K). A rate of 2 K rifinvas applied for all the heating/cooling steps.
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During the experiment, heavy hydrocarbons (wax)enmilected by gas/liquid separators at 448 K
and reaction pressure. Lighter hydrocarbons anérwagre collected in cold traps @t. 278 K and
atmospheric pressure. After separation from wdtegse hydrocarbons as well as the wax were
weighted, dissolved in GSand analyzed offline by a simulated distillati@mDis) GC (Hewlett
Packard 5890, Series Il) equipped with an FID amdIHcolumn (7.5 m x 0.53 mm, Film Thickness
2.65um), using He as carrier gas. During the analybis,aven temperature was ramped from 308 to
623 K (14 K min') and kept at the final temperature for 5 min.

N, CO, and CQas well as light hydrocarbons in the gas phase aealyzed online by a Compact
GC (Interscience), equipped with three columnsdaetdctors in parallel, applying He as carrier ¢ras.
the first column (Carboxen 1010, 10 m x 0.32 mm) GO, CH, and CQ were separated at 333 K
and analyzed by TCD. In the second column,@MKCI, 10 m x 0.32 mm) and FID detection,
separation between all C1-C4 components was achew434 K. In the third column (RTx-1 Qu%,

15 m x 0.32 mm) C5-C10 hydrocarbons were sepaedt®@d3 K and analyzed by FID.

A pseudo-steady catalytic behavior was attaineer &0 h on-stream when selectivity data were
collected and the carbon balance was satisfiedO@y+15%. CO conversion, carbon selectivity and
molar fraction of each product were defined by K@}, (2), and (3), respectively, wheXeo stands
for CO conversionF indicates the molar flows is the carbons selectivity of a product witltarbon

number ang is its molar fraction.

Xeo =m0 Tor000 (1), §, = — e 100 (2, yu = o= ()
Fin,CO I:coz + Z nFq, Z Fen
n=1 n=1
Results
TableC1 Textural and chemical properties of the supportsaatalysts.
Catalyst S/infg? Vicnt gt Co Si/Al
totaf mes§ totaf micrd” mes6 wtod ded/ nm
Sio, 293 248 1.35 0.02 1.34 Ma. n.a. n.a.
Co/Si0, 223 200 1.03 0.01 1.03 9.7 14 n.a.
H-ZSM-5 460 52 0.26 0.18 0.08 n.a. n.a. 41
Co/H-ZSM-5 388 38 0.22 0.16 0.06 9.6 13 40
mesoH-ZSM-5(a) 580 309 1.20 0.12 1.08 n.a. n.a. 16
ColmesoH-ZSM-5(a) 467 257 0.87 0.09 0.78 9.9 7 16
mesoH-ZSM-5(0) 683 414 0.64 0.12 0.52 n.a. n.a. 24
ColmesoH-ZSM-5(0) 574 344 0.53 0.10 0.43 9.0 10 22

3 BET surface ared;Mesopore surface area obtained fromttpot applied to the Nisotherm? Total pore volume® Micropore
volume obtained from thieplot; ® Mesopore volume calculated Eseso= Viotar Vimicro, | Obtained from ICP-OES;Co crystallite size
calculated frond(Co”) = 0.7%/(Co50.), whered(Co,0,) is derived from XRD, applying the Scherrer equatioNot applicable.
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Figure C1. N, physisorption isotherms of supports at 77 K.
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Figure C2. NH,-TPD profiles (10 K mitt) of zeolite supports.
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Figure C3. XRD patterns of the catalysts.
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FigureC4. TEM images of the zeolite-supported Co-catalysefqie activation). In each row from left to
right: Co/H-ZSM-5 (a and d), CoesoH-ZSM-5(a) (b and e), and CokesoH-ZSM-5(0) (c and f).
Circles show Co oxide clusters/particles. Scals barrespond to 50 nm for the top row and 20 nm
for the bottom row images.
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—> Co/SiO,
A Co/mesoH-ZSM-5(a)

Co/mesoH-ZSM-5(a)

Co/Sio,
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Figure C5. TGA analysis of fresh (dashed lines) and speniddivies) catalysts after 30 h FTS reaction at
513 K, 15 bar total pressure, feed compositief€® = 2, andSHSV = 2.4 nisrp kg™ W™, During
the TGA experiment, samples were heated undefoainfith a heating rate of 5 K mifn

175



Appendix C

(a)
100
80 -
X 60 - A
8 ]
X 40g —0 g
{ecorsio, ———e—0
20 {1mCo/H-ZSM-5
| A Co/mesoH-ZSM-5(a)
0 @ Co/mesoH-ZSM-5(0)
0 5 10 15 20 25 30 35
TOS /h
(b)
100
d O/P (C2'4) SCOZ
90 - /- | %
80 {Co/SiO, 2.19 2
{Co/H-ZSM-5 0.93 2
70 {Co/mesoH-ZSM-5(a) 1.38 0.4
{1Co/mesoH-ZSM-5(0) 0.78 1
60 -
X
0p)

1 2-4 5-11 12-20 21+
n/—

Figure C6. Time-on-stream TOS) evolution of CO conversion during FTS (a). Carlsmlectivity of FTS
products after 20 h on-stream. In each carbon nungbeup from left to right: Co/Si9
Co/H-ZSM-5, CoanesoH-ZSM-5a), and CahesoH-ZSM-50). m: n-paraffins, z: Sum of
isoparaffins and olefins, O/P (C2-4): olefin teparaffin ratio of C2-C4X0, CO, selectivity.

Experiments were performed at 493 K, 15 bar totabgure, feed composition,/80 = 2, and
GHSv =24 rﬁSTp kg_lcat h_l.
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Figure C7. GC analysis chromatograms of the hydrocarbon fag@rd products (b) obtained from th€6
hydroconversion experiments ouweesoH-ZSM-5(a) at 513 K, 15 bar total pressure,/tdiC6 =
9.0, N/H, = 2.0, andSV = 13 molg kg‘lcat h. Analysis was performed offline, by Compact GC
(Interscience) equipped with an RTx-1 column at 85@.5um, 15 m x 0.32 mm) and FID as a
supplement to the online analysis (see Sectiob/Rapter 4).
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Modification of H-ZSM-5 crystallites for cobalt-
based catalyst applications in Fischer-Tropsch
synthesis

Presentation of scanning electron microscopy imageklitional N physisorption data, X-ray
diffraction patterns, thermogravimetric analysiddiional temperature-programmed B Hesorption
profiles, Fourier transform infrared (FT-IR) tranission spectroscopy spectra, energy dispersive X-

ray spectroscopy, and dark-field transmission ed@amnicroscopy images, associated with Chapter 5.
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Experimental
Characterization

Scanning electron microscopy (SEM) was performed &hilips XL 20 microscope. Samples were
coated with a layer of gold using an Edwards S15p#tter coater, to make them conductive prior to
imaging.

N2 physisorption was performed in an Autosorb-6B y@uantachrome Instruments) at liquid
nitrogen temperature (77 K). Prior to the experimesa 0.1 g of the samples was degassed overnight
in an Autosorb Degasser unit (Quantachrome Instnisheinder vacuum at 623 K (473 K in the case
of CoimesoH-ZSM-5(nnc)).

The X-ray diffraction (XRD) patterns were recordedBragg-Brentano geometry in a Bruker D8
Advance diffractometer equipped with a Vantec posit sensitive detector and graphite
monochromator. Measurements were performed at neonperature, using monochromatic Ca K
radiation £ = 0.179026 nm) in thef2region between 10° and 90°. The samples were glanea Si
{510} substrate and rotated during measurements. pakterns were background-subtracted to
eliminate the contribution of air scatter and pblesfluorescence radiation.

Thermogravimetric analysis (TGA) was performed onMaettler Toledo TGA/SDTA851
equipment, where 0.009-0.011 g of samples wasrsedeger the change in its mass while heated from
298 to 1123 K under 100 ¢gtp min™ of air flow.

Temperature-programmed NHdesorption (NBTPD) was measured by an AutoChem I
chemisorption analyzer (Micromeritic€}a. 0.2 g of the zeolite-containing samples was tiegassed
under He flow at 673 K for 1 h and then saturatéti WH3; at 373 or 473 K during 1 h, using a flow
of 1.65% NH in He. The gas mixture was then switched back &¢p a&hd the sample was purged at
373 or 473 K forca. 1 h to remove the weakly adsorbed fNidolecules until no ammonia was
detected. TP desorption was subsequently recondger iHe flow, from 373 or 473 to 873 K. All flow
rates were adjusted to 25 &y min™, and the heating rates were 10 K thituring different stages of
the experiment.

Transmission electron microscopy (TEM) was donelB3El Tecnai TF20 microscope operated at

200 kV using a carbon coated Cu grid.

Fourier Transform Infrared (FT-IR) transmission spectroscopy

Surface hydroxyl groups of the zeolite samples vidzatified in a homemade setup consisting of a
Nexus FT-IR (Thermo Nicolet) equipped with an exieth KBr beam splitting and a mercury
cadmium telluride (MCT) cryodetecto€a. 0.01 g of the samples were pressed at 566 kg fom1

min into thin self-supporting wafers. The wafersrevéixed in a movable sample holder inside a

180



Appendix D

chamber which was connected to an oven at the upmerand to an IR quartz cell, equipped with
CaF, windows, at the bottom. This construction allowBdmeasurements subsequently after vacuum
and/or thermal treatments (inside the oven) witleyiosing the sample to air.

The wafers were first treated under vacuum at 67/8rkd h to remove water and other adsorbed
species. The FT-IR transmission spectra were recoid the 399-4000 chmrange at 4 cfh

resolution. Spectra of the empty cell under vacwere collected as the background.

Results

FigureD1. SEM micrographs of H-ZSM-5 (a) amaesoH-SZM-5 (b). Scale bars correspond to 2 pm.
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FigureD2. N, physisorption isotherms of SiGand the zeolites (a), acid washed zeolites (b)l, @arbon
deposited mesoporous zeolites (c) at 77 K.
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Figure D3. Pore size distribution of SiCand the zeolites (a), acid washed zeolites (kj,ambon deposited
mesoporous zeolites (c). The distribution was derivfrom the adsorption branch of; N

physisorption isotherms at 77 K, employing the Bdéthod.
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Figure D4. XRD patterns of Co-catalysts, supported on,J#), microporous zeolites (b), mesoporous zeolites
(c), and carbon deposited mesoporous zeolites (d).
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Figure D5. TGA patterns ofnesoH-ZSM-5 after carbon deposition at different coiwtis (a) and the prepared
catalysts over two of the carbon deposited mesagareolites (b). During the experiment, samples
were heated under air flow with a heating rate Kfin™ (a) or 1 K miri* (b).

Figure D6. SEM micrographs ofmesoH-ZSM-507¢) (a) andmesoH-ZSM-5(21c) (b). Scale bars correspond to
2um.
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Figure D7. NH5-TPD profiles (10 K miff) of H-ZSM-5 andmesoH-ZSM-5. NH; was adsorbed at 373 K.
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FigureD8. NH4;-TPD profiles (10 K mift) of CofnesoH-ZSM-5w) and mesoH-ZSM-5wCo). NH; was
adsorbed at 473 K.
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Figure D9. IR spectra of the zeolites in the OH-stretchingarg
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Figure D10.Energy dispersive X-ray spectroscopy (EDX)
Chapter 5)).
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Figure D11.Dark-field TEM image of Co/H-ZSM-5 (associated witiigure 3c/Chapter 5). Scale bar
corresponds to 10 nm. Square shaa2 nm Co oxide patrticles.
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Insights into the catalytic performance of
mesoporous H-ZSM-5-supported cobalt in Fischer-

Tropsch synthesis

Presentation of X-ray diffraction patterns and &ddal catalyst performance data, associated with
Chapter 6.
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Experimental
Materials

Amorphous Si@ (CARIACT Q-10) with surface area and pore volume283 nf g' and
1.35 cnt g, respectively, was provided by Fuji Silysia Cheahittd. ZSM-5 zeolite in ammonium
form with nominal Si/Al ratio of 40 was purchasedrh Zeolyst (CBV 8014) and calcined at 823 K
for 5 h to obtain H-ZSM-5. 1 M tetrapropylammoniumydroxide (TPAOH), 70 wt% nitric acid
(HNGs), 1.5 wt% ruthenium(lll) nitrosyl nitrate (Ru(NQYQOs)x(OH),), 35 wt% zirconyl nitrate
(ZrO(NGs),) solutions, and Cobalt(ll) nitrate hexahydrate ((003),*6H,0O) salt were purchased from

Sigma-Aldrich. All chemicals were used without dasther purification steps.

Support preparation and catalyst synthesis

Mesoporous H-ZSM-5 was prepared by subsequent &#adeacid treatments. Desilication was
carried out in 1 M TPAOH aqueous solution in a apyessel (volumgse soutiofWeighteoiite =
8.0 cnt g') and under stirring at 343 K for 1 h in an oil thafThis treatment was followed by
immediate quenching in a water-ice bath and cemgafion to separate the zeolite powder from the
solution. The residue of the desilicating agent vessoved from the zeolite crystallites by subsetuen
redispersion in deionized water and centrifugatigales until neutral pH was reached. The samples
were then kept overnight at 333 K followed by dgyet 393 K for 12 h and calcination at 823 K for 5
h. Subsequent to the heat treatments, mesoporaSMH5 was acid treated in 1 M HN@queous
solution (volumeeig solutiodWeighteoite = 28.6 cmi g*) at 343 K for 2 h under stirring in an oil bath.
After quenching, samples were thoroughly washet d#ionized water, dried, and calcined the same
as after the above-mentioned desilication procedilie mesoporous H-ZSM-5 before acid-treatment
is denoted asmesdi-ZSM-5(0) and the acid-washed zeolite is denotednassdi-ZSM-5'.

FTS catalysts were prepared by incipient wetnegsragnation. All the supports were dried
overnight at 393 K before impregnation. A fractiohmesti-ZSM-5 was loaded witlsa. 5 wt% Zr
using a ZrO(N@); solution. This sample was then kept overnight desiccator at room temperature,
dried at 393 K for 12 h, and calcined at 823 K %oh (‘ZrO./mes#i-ZSM-5"). Amorphous SiQ
mesti-ZSM-5(0), mesti-ZSM-5, and Zr@/mesdi-ZSM-5 were used as carriers and loaded wéth
20 wt% (or 10 wt% in one case) of Co, employingeamus Co(NG@)»*6H.,O solutions as precursors.
To include Ru in the catalyst composition, rutheminitrosyl nitrate was added to the precursor
solution and co-impregnated with Co to obtain aléading of 0.3 wt%. After impregnation, samples
were dried in desiccator and 393 K as explained/@b8ubsequently, the catalysts were calcined at
673 K for 2h. A heating rate of 2 K mitnand static air conditions were applied for all tisove-

mentioned drying and calcination steps.
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Characterization

The XRD patterns were recorded in Bragg-Brentanongdry in a Bruker D8 Advance
diffractometer equipped with a LynxEye position §&ue detector. Measurements were performed at
room temperature, using monochromatic Go(K= 1.788970 A) radiation in the#2ange from 5° to
90°. All patterns were background-subtracted tmiglate the contribution of air scatter and possible

fluorescence radiation.

Catalyst performance experiments (Fischer—Tropgcihesis)

Fischer-Tropsch synthesis (FTS) experiments werefopeed on the six-flow fixed-bed
microreactor setup described in Chapter 2. Foexakriments, 0.250 g of fresh catalyst (100—2490
was diluted with SiC of similar size to attain anstant bed volume of ca. 1.3 EnCatalysts were
activatedin situ prior to FTS reaction by flat 773 K for 13 h at atmospheric pressure follkbvog
cooling to 453 K under Hflow. After increasing the pressure to the proceskie (15 bar total
pressure), CO was gradually introduced to the fsedam at 453 K in order to reach its final
concentration (HCO =1 or 2) in 1 h. Subsequently, the reactor nested to the process temperature
(513 K). A rate of 2 K mift was applied for all the heating/cooling steps.

During FTS experiments, heavy hydrocarbons (waxjewsllected by gas/liquid separators at
448 K and reaction pressure. After expansion ofptaeluct flow to atmospheric pressure by back
pressure controllers, lighter hydrocarbons and matge collected in cold traps eh. 278 K. After
separation from water, these liquid hydrocarbonwels as the wax were weighted, dissolved in,,CS
and analyzed offline by a simulated distillationini®is) GC (Hewlett Packard 5890, Series II)
equipped with an FID and HP-1 column (7.5 m x O0&®, film thickness 2.6um), using He as
carrier gas. During the analysis, the oven tempegatas ramped from 308 to 623 K (14 K fjimnd
kept at the final temperature for 5 min,, €O, and C@as well as light hydrocarbons in the gas phase
were analyzed online by a Compact GC (Interscierem)ipped with three columns and detectors in
parallel, applying He as carrier gas. In the faglumn (Carboxen 1010, 10 m x 0.32 mm), RO,
CH,, and CQ were separated at 333 K and analyzed by TCD.drsétond column (4Ds/KCl, 10 m
x 0.32 mm) and FID detection, separation betwek@®rC4 components was achieved at 434 K. In
the third column (RTx-1 Oiim, 15 m x 0.32 mm), C5-C10 hydrocarbons were seghed 353 K and
analyzed by FID.
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Results
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FigureE1l. XRD patterns of the fresh FTS catalysts and support
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FigureE2. 2D chromatogram of liquid hydrocarbons, producegro€omestl-ZSM-5 (associated with
Figure 9/Chapter 6). Liquid products were collecéftbr 140 on-stream at 513 K, 15 bar total

pressure, feed composition/BO = 1, and5HSV= 12 misrp kg lea b
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Figure E3. Fractional molar composition of FTS product mixgifa) and carbon selectivity of FTS products
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(b) after 25 h on-stream at 513 K, 15 bar totakpuee, and feed composition/80 = 2. In each
carbon number group from left to right: @@wWsdl-ZSM-50), Comestl-ZSM-5,
Co/mesdl-ZSM-5, and 10 wt% Caoiesdi-ZSM-5. m: n-paraffins; z: sum of isoparaffins and
olefins. Co loadings are 20 wt%, unless indicatihemvise.
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Effect of zeolite structure in hierarchical zeolite-
supported cobalt-catalysts for the direct conversion

of biosyngasinto liquid fuels

Presentation of additional Nohysisorption data, elemental analysis, X-rayrddfion patterns, and

temperature-programmed reduction bygtofiles, associated with Chapter 7.




Appendix F

Experimental
Characterization

N, physisorption was performed in an Autosorb-6B y@uantachrome Instruments) at liquid
nitrogen temperature (77 K). Prior to the experitmes 0.1 g of the samples were degassed overnight
in an Autosorb Degasser unit (Quantachrome Instnishender vacuum at 623 K.

Elemental analysis was performed with PerkinEImeti®a instruments. After sample dilution,
analysis was done by inductively coupled plasmé&apémission spectrometry (ICP-OES).

The X-ray diffraction (XRD) patterns were recorded a Bruker D8 Advance diffractometer
equipped with a Vantec position sensitive detectdieasurements were performed at room
temperature, using monochromatic Ca kdiation in the & range from 5° to 90°. The samples were
placed on a Si substrate and rotated during measumts. All patterns were background-subtracted to
eliminate the contribution of air scatter and pblesfluorescence radiation.

Temperature-programmed reduction by IPR(H)) was performed on a homemade equipment.
Ca. 0.1 g of Co containing samples were mounted inemperature controlled reactor where
27 cmistp min™ flow of 7.4% H in Ar was fed over the samples. The reactor teatpee was then
ramped from room temperature to 1173 K with a eatate of 5 K miit and the H consumption
was monitored by a TCD. Water was removed by a Beume membrane dryer. Calibration was

performed with CuO.
Results

TableF1 Textural and chemical properties of the supportbcatalysts.

Support/Catalyst S/infg! V/cnt gt Co

totaf mesé totaf micro” mes6 witod ded / nm
SiIO, 293 248 1.35 0.02 1.34 Ma. n.a.
Co/Sio, 199 180 0.89 0.01 0.88 18.6 16
H-ZSM-5 460 52 0.26 0.18 0.08 n.a. n.a.
mesoH-ZSM-5 691 470 0.67 0.09 0.58 n.a. n.a.
Co/mesoH-ZSM-5 509 311 0.50 0.08 0.41 23.8 10
H-1TQ-2 822 604 0.93 0.10 0.84 n.a. n.a.
Co/H-ITQ-2 518 364 0.53 0.07 0.46 16.2 14
H-USY 882 91 0.51 0.34 0.18 n.a. n.a.
mesoH-USY 757 324 0.63 0.18 0.44 n.a. n.a.
Co/mesoH-USY 569 222 0.44 0.15 0.30 18.4 13

3 BET surface ared Mesopore surface area obtained from timbot applied to the Nisotherm;® Total pore volume® Micropore

volume obtained from theplot applied to the Nisotherm;® Mesopore volume calculated ¥Seso = Viotar Vimiero, | Obtained from ICP-

hOES;g Co crystallite size calculated froiCc°) = 0.75l(C0;0,), whered(Co,0,) is derived from XRD, applying the Scherrer equatio
Not applicable.
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FigureF1l. XRD patterns of Co-catalysts.
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FigureF2. TPR(H) profiles (5 K min') of Co-catalysts. Indicated numbers are the degfeseduction,
associated with each profile, assumingceinsumption for reduction of @0; to Co.
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Samenvatting

Het ontwerp en de ontwikkeling van katalysatorfolentmgen voor de maximalisering van de
directe productie van vioeibare brandstoffen dagrdombineren van Fischer-Tropsch synthese (FTS)
en het kraken en isomeriseren van koolwaterstoifie@én katalysator deeltje (bifunctionele FTS
katalysator) is onderzocht in deze thesis.

Om dit doel te bereiken, moest naast de FTS fumali®it een tweede functionaliteit worden
toegevoegd aan de katalysator formulering, om zdirdigatie van de klassieke Anderson-Schulz-
Flory (ASF) verdeling van FTS producten te doorkrek Omdat het omzetten van de FTS
koolwaterstoffen voornamelijk is gebaseerd op zyekatalyseerde reacties, zijn zeolieten potentiéle
kandidaten voor deze aanpak. In dit verband bekadeaente literatuur het gebruik van H-ZSM-5 om
de volgende redenen: (1) het is een van de weing@ieten die op industriéle schaal wordt
geproduceerd en toegepast wordt voor zuur-gekatige koolwaterstof conversie reacties; (2) door
zijn smalle kanaal-type structuur en goed verdeelde actieve plaatsen, bezit het een relatieve
stabiele katalytische werking, in het bijzonder endde lage temperatuur Fischer-Tropsch
procescondities; en (3) naast het zuur-gekatalgiskeken, heeft het een redelijke isomerisatie en
oligomerisatie activiteit op lage temperaturen, esgentieel is om het octaangetal te verhogentin he
geval van de benzine fractie en de koude stromiggsschappen te verbeteren voor diesel (Hoofdstuk
1).

Alle FTS experimenten beschrieven in dit proefdtlaijn uitgevoerd op apparatuur die ontworpen
en gebouwd is op de TU Delften is beschreven irfdstok 2. De experimentele opbouw is gebaseerd
op een “six-flow microreactor” concept, zes patbdlegepakt bed microreactoren, dat zowel een
verhoogde experimentele doorzet als precisie blegdttstgenoemde is toe te schrijven aan de gelijke
operationele condities (in termen van procestentipgra  aanvoersamenstelling,
apparatuursomstandigheden, etc.) waaronder de aedlefle katalysatoren worden getest. De
voorwaarde is dat alle reactoren (stromen) ziclzdiiele zouden moeten gedragen, m.a.w. dat ze
gelijke resultaten leveren tijJdens het gebruik zelfde katalysator. Het functioneren van deze
apparatuur bevestigt dat het inderdaad mogelijkmnisreproduceerbare activiteits- en selectiviteiisda
te verkrijgen binnen een acceptabele experimerftale (hoofdstuk 2). Het opnemen van aparte
massadebiet- en drukregelaars samen met produicische iedere stroom maakt het mogelijk om
reacties uit te voeren met hoge productie van stoffracties (zoals in conventionele enkelstroom
uitvoeringen). Dit is cruciaal voor een completeakficering van FTS product samenstellingen en
betekent tevens ook het voordeel over apparatudrmeer dan 10 parallelle reactoren waar om
instrumentele redenen dit leidt tot verhoogd inat@volume, kosten en operationele complexiteit.
Om die redencombineert een zes-stroom gepakt bed microreactoredvoordelen van ’high-

throughput’ apparatuur en conventionele FTS laborabriumschaal opstellingen(hoofdstuk 2).
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In hoofdstuk 3 is het combineren van de kobalt (Golieve fase en zure functionaliteit van
H-ZSM-5 in FTS onderzocht in twee verschillende akgator configuraties:i) H-ZSM-5 als
katalytische coating op Co en)(H-ZSM-5 als katalytische drager voor Co. BolvagmiCo/SiQ
katalysator is gekozen als conventioneel FTS kséady vergelijkingsmateriaal en is tevens gebruikt
als precursor om de H-ZSM-5 gecoate Co-katalysateynthetiseren.

In het eerste geval zijn verschillende silicalitedt H-ZSM-5 gecoate referentiemonsters bereid
door de Co/Si@te onderwerpen aan een directe hydrothermale guoedallernieuwste methode om
zeoliet coatings te produceren). Het silica in d@S80, katalysator wordt omgezet in de zeoliet
wanneer het wordt blootgesteld aan de hydrothersyalthesecondities terwijl de originele vorm van
de drager bewaard blijft na de omzetting. Door dsyethesewijze worden @0, agglomeraten
bedekt met een H-ZSM-5 coating op nanometerscha@l.resulterende bifunctionele katalysator
verlaagt de productie van FTS was,{{ aanzienlijk in vergelijking met Co/SyO Echter, het
membraaneffect van de coating resulteert in masssgtortlimitering die de productiviteit verlaagi. |
de afwezigheid van de zuurfunctionaliteit zorgt afeetting van ‘coke’ voor deactivering van de
silicalite-1 gecoate referentie katalysator. De $IVE5 gecoate Co-katalysator vertoont lagere CO
conversieniveaus dan de conventionele Co/St@&alysator vanwege de membraancoating. Deze
verlaagde productiviteit en blootstelling van de ICistallieten aan de hydrothermale omstandigheden
kunnen worden beschouwd als de grootste nadeledesmmethode.

Aan de andere kamiemonstreert de systematische vergelijking van kalgtiische werking
tussen fysisch gemengde gecoate katalysator en rzete gecoate katalysatoren dat de directe
nabijheid tussen de FTS- en de zure actieve plaatse&ssentieel is voor het verbeteren van de
bifunctionaliteit van de katalysator om zodoende deselectiviteit naar vloeibare producten te
verhogen en de productie van lange koolwaterstoffete elimineren (hoofdstuk 3). Dit contact kan
worden gemaximaliseerd wanneer Co direct wordt @araght op het zeoliet volgens configuratig (
Omdat het Co beter bereikbaar is in deze configyrktinnen transportlimitaties ten gevolge van het
membraaneffect van een zeolietcoating worden ge#iend terwijl de belangrijke directe nabijheid
van de twee functionaliteiten wordt behouden.

Om te compenseren voor de relatief lage intrinsia&gviteit van FTS katalysatoren en om de
productiviteit te verhogen, zijn hoge metaalladmgereist in FTS katalysator formuleringen. Over
het algemeen zijn microporeuze zeolieten vrij vasoporeus opperviak, essentieel voor een optimale
dispersie van Co deeltjes met hoge metaalladingrddegen is de vorming van metaalclusters in de
microporién ongewenst, aangezien Co deeltjes kiailamd 6 nm niet optimaal fungeren als FTS
katalysatoren in termen van activiteit en seletiti Op grond daarvan is mesoporeus H-ZSM-5
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(‘mesoH-ZSM-5’) bestudeerd als drager voor Co-gebaseEft® katalysatoren in hoofdstukken 4 tot
en met 7.

Syntheseoptimalisatie vamesoH-ZSM-5 is uitgevoerd door demetallisering via apesgende
base- en zuurbehandelingen. NaOH (basisch, ansaygnien tetrapropylammonium hydroxide
(TPAOH, organisch) basen werden gebruikt als degiémiddel. Onder gelijke behandelingscondities
resulteerde het gebruik van NaOH voor een hogeséiciie dan TPAOH, en werden mesostructuren
gecreéerd met poriegroottes en —volumes gelik éanamorfe Si@ drager. TPAOH desilicatie
verloopt op een meer gecontroleerde manier enteidtogere mesoporositeit, wat duidt op en hogere
mate van hiérarchie van grote holtes verbonden kleamere mesoporién. Bovendien geniet TPAOH
de voorkeur over NaOH om de reden dat’ N#n bekend vergif is voor Co-gebaseerde FTS
katalysatoren en dat minieme hoeveelheden resunlteem lagere FTS activiteit dan de monsters
behandeld met organische basen (hoofdstuk 4).

De achtereenvolgende zuurbehandeling met KFN@rwijdert het buiten het raamwerk
geproduceerde aluminium gevormd door de zeolididase, en de behandeling bevordert de FTS
activiteit. Tevens herstelt de zuurbehandeling denBtedzuurgraad vamesoH-ZSM-5 (hoofdstuk 5).

Het grote mesoporeuze opperviak vaesoH-ZSM-5 is gunstig voor de metaaldispersie bij hoge
Co-beladingDe CofmesoH-ZSM-5 katalysator is een vele malen actievere FTgatalysator dan
de Co/H-ZSM-5 en de conventionele Co/SiO Daarnaast is de operationele stabiliteit van de
Co/mesoH-ZSM-5 vergelijkbaar aan de Co/SiQ met betrekking tot CO conversie gedurende 140
uur FTS operatie. In vergelijking met Co/H-ZSM-5 verhogen de verlidgetransporteigenschappen
van mesoH-ZSM-5 de selectiviteit van de gedragen Co-katttysnaar de vloeibare koolwaterstoffen
en verlagen die naar metha®® hoge selectiviteit naar vloeibare koolwaterstoén van H-ZSM-5-
gedragen Co-katalysatoren is zichtbaar als een salpe scheidslin in de molaire
productdistributie boven Cj; ten opzichte van de ASF-verdeling van conventiorekatalysatoren
zoals Co/SiQ. Metingen na 140 uur bedrijf tonen aan dat CahesoH-ZSM-5 circa driemaal
selectiever is naar de &C;; fractie dan Co/Si0, en daarbij tevens een groot deel aan
onverzadigde koolwaterstoffen naaste-alkenen produceert. Evenzo wordt de wasproductie
significant onderdrukt over de zeolietkatalysator(513 K, 15 bar totaal druk, aanvoersamenstelling
Ho/CO = 1, en dSHSV = 12 nisrpkglcarh™?) (hoofdstukken 5 en 6).

De herkomst van de methaanselectiviteit over zegkedragen Co-katalysatoren is ook onderzocht.
mesoH-ZSM-5 is gebruikt als drager voor een serie vangébaseerde FTS katalysatoren waaraan
verschillende beladingen van ZrGn/of Ru zijn toegevoegd als promotors. Door miiddan
geavanceerde katalysator karakteriseringstechni@kelusief quasi in situ donkerveld transmissie-

elektronenmicroscopie, synchrotron-gebaseerde edstraling absorptie-spectroscopie, nl. EXAFS en
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XANES, etc.) naast een gedetailleerde katalysatestatiebepaling is een relatie bepaald tussen de
structurele kenmerken van de zeoliet-gedragen Cactwiteit en selectiviteit in FTS. De toevoeging
van ZrQ of Ru verhoogt de Co-reduceerbaarheid aanzietijiigns activering bij 773 K en verbetert
de FTS activiteit gedurende de eerste 80 uur vamatip, waarna de activiteit geleidelijk terugkeert
naar het niveau van de katalysator zonder prom&terkatalysatorpromotie heeft geen significante
invloed op de productselectiviteit (hoofdstuk Be methaanselectiviteit van de zeoliet-gedragen
Co-katalysatoren wordt toegeschreven aan de belangeste zijreacties, directe CO-
hydrogenering en koolwaterstofhydrogenolyse, overoordinatief onverzadigde Co-plaatsen die
worden gestabiliseerd door sterke metaal-zeolietietacties(hoofdstuk 5 en 6).

Daarbij zijn naast mesoH-ZSM-5 meerdere zeoliettopologieén onderzocht &g§S
katalysatordrager: gedelamineerd MWW (H-ITQ-2) eresoporeus FAU (hoofdstuk 7). Alle
zeolietdragers werden zorgvuldig gekarakteriseqgrdhet aantal en sterkte van de zure sites met
temperatuur-geprogrammeerde Nitesorptie en pyridineadsorptie. Om de rol van gekatalyseerde
reacties in de veranderde productverdeling te augden, inclusief hydro-kraken en isomerisatia) zij
zuur-gekatalyseerde model reacties van normaakimesa 1-hexeen uitgevoeie zuurdichtheid en
—sterkte van de zeoliet zijn essentiéle parametesn de FTS productselectiviteit naar vloeibare
koolwaterstoffen te sturen. Alleen de sterke zureites, welke actief zijn voor het hydro-kraken in
het operationele temperatuurgebied van Co-gebaseexd FTS katalysatoren, resulteren in
afwijkingen van de conventionele ASF productdistrilutie (hoofdstuk 7). Het met opzet gedeeltelijk
deactiveren van de Brgnsted zure sites@soH-ZSM-5 door middel van koolstof deeltjes gedurende
de katalysatorsynthese vermindert the- tot n-alkaan verhouding en de selectiviteit naar de
benzinefractie, wat des te meer de bovengenoendeamozuurgekatalyseerde reacties in het sturen
van de productselectiviteit bevestigt (hoofdstukvBanneer de zure sites zich dicht nabij FTS-sites
bevinden op nanometerschaal, dan is het mogelijk tlade primaire FTS producten zoals
a-alkenen gekraakt of geisomeriseerd worden voordae worden gehydrogeneerd. In feite ligt de
1-hexeen conversie aanmerkelijk hoger dan de die nan-hexaan overmesoH-ZSM-5 (hoofdstuk
6). Het klassieke mechanisme van deze zuurgekatalys reacties verhoogt de vertakkingsgraad van
de koolwaterstoffen door de herstructurering van secundair carbocation naar een geprotoneerd
dialkylcyclopropaan. Omdat FTS grotendeels lineair@lkenen produceert, worden er ook
aanzienlijke hoeveelheden van andere onverzadigoeviterstoffen gevormd op de zure sites.

Onze resultaten demonsteren in alle opzichten elagjébruik van mesoporeuze zeolieten als FTS-
dragers veelbelovend is voor de directe synthesevi@eibare brandstoffen vanuit synthesegas. De
uitdaging die ons rest is de verbeterde controler @e productselectiviteit van deze bifunctionele

katalysatoren. In dit opzicht is het essentieel a@w® bovengenoemde oorzaken van de
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methaanproductie op de zeoliet-gedragen Co-katalgsaaan te pakken. Bovendien is het vereist om
een beter onderscheid te maken tussen en om teélefi wat het aandeel is van ‘het metaal’ en ‘de
zeoliet/zuurgraad’ functionaliteiten in het prodpectrum van deze katalysatoren. Alhoewel dit
begrip in open literatuur wordt genegeerd of gekigekvordt beschreven, is het van ongekend belang
voor verdere katalysatoroptimalisatie betreffende groductspectrum en praktische toepassing. Van
essentieel belang voor een beter begrip van bilumgle FTS systemen zijn gedetailleerde zuur-
gekatalyserde koolwaterstof conversiestudies orglevante FTS procescondities, in combinatie met
referentie-experimenten en uitgebreid kinetisch eonoek. Ten slotte is de stabiliteit van de
katalysatoren op lange termijn grotendeels onvatken

Onlangs is een nieuwe promovendus in de CatalysiginEering sectie van de Technische

Universiteit Delft begonnen aan vervolgonderzoeldibmnderwerp.
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