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ARTICLE INFO ABSTRACT
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methanepyrolysis

Methane pyrolysis is a promising route for low-emission hydrogen (H,) production, with solid carbon as a
potentially valuable byproduct. Despite this potential, the economic feasibility of Catalytic Methane Pyrolysis
(CMP) with fluidized bed reactors (FBR) has been insufficiently studied. This study develops a conceptual
CMP plant using two novel isothermal reactor models—based on continuous stirred-tank reactor (CSTR) and
plug-flow reactor (PFR) assumptions—to represent the operational extremes of FBRs. Our reactor models
incorporate reaction and catalyst deactivation kinetics from experiments with nickel-supported catalysts, and
the framework enables process simulations that account for the catalyst rate required to sustain reactor
activity. These models address the lack of proper reduced-order FBR models and the reliance on oversimplified
assumptions in the literature. In the baseline scenario, the conceptual plant yields an LCOH ranging from $3.89
to $4.79 per kilogram, defining the expected cost bounds for an FBR-based CMP plant. At a H, selling price
of $5.00 per kilogram, the process achieves favorable payback time and net present value. Monte Carlo and
sensitivity analyses indicate that CMP remains cost-competitive under economic uncertainties. Increased carbon
sales could make CMP more economical than steam methane reforming, while unsold byproducts may incur
costly sequestration. Reactor heating assessment shows methane combustion with carbon capture minimizes
both cost and emissions. Overall, this work demonstrates the economic potential of CMP for H, production
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and provides a practical modeling framework for process evaluation.

1. Introduction

Human-induced climate change, driven by greenhouse gases like
carbon dioxide (CO,) and methane (CH,), is among the most pressing
challenges of the 21st century [1,2]. As countries strive to transition to
a low-carbon economy, hydrogen (H,) has emerged as a pivotal energy
carrier due to its versatility and potential to decarbonize various sec-
tors [3,4]. The predominant method of H, production, steam methane
reforming (SMR), generates significant CO, emissions, undermining
its environmental benefits [4,5]. While integrating CO, capture and
storage (CCS) with SMR can mitigate emissions, it reduces energy
efficiency, increases costs, and is limited by the availability of suitable
geological formations for CO, storage [5,6]. Water electrolysis offers a
pathway to truly green H,, yet its high costs and reliance on renewable
electricity infrastructure remain barriers to widespread adoption [4-8].
In this context, methane pyrolysis (MP) emerges as a promising bridge
technology, producing H, and functional solid carbon (C) with low
CO, emissions while leveraging existing natural gas (NG) resources and
infrastructure [6-8]. Although its long-term sustainability is limited by
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NG depletion, MP offers significant potential as a transitional solution
toward a sustainable economy [6].

MP is the thermal decomposition process of CH, into gaseous H,
and solid C, as shown below [8-10]:

CH,(8)==-C(s) + 2H,(g); AHjogx = 74.52kImol". 6h)

As this reaction is endothermic, higher temperatures are favorable, re-
quiring 900 °C to 1200 °C without a catalyst for significant H, yield [5,
6,11]. Various solid catalysts (both metal- and C-based) have been
developed to enhance the conversion rate at lower reaction temper-
atures [4-8,11,12]. A lower temperature can be beneficial as it re-
duces energy consumption, minimizes material stress, and enables a
safer process. Catalysts can also improve the type and quality of the
solid C produced [4,13]. However, the carbon produced in catalytic
methane pyrolysis (CMP) often deposits on the active sites of solid
catalysts, leading to catalysts encapsulation and subsequent deactiva-
tion. In fixed-bed reactors, this leads to an increased pressure drop
and eventually blockage of the gas flow, significantly restricting its
applicability in industrial settings [6].
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Fig. 1. Schematic representation of a continuous CMP FBR concept: CH, is introduced
from the bottom of the reactor. The H, product and unreacted CH, are collected at the
top. Fresh catalyst is continuously fed into the reactor from a side inlet near the base.
Solid C products and spent catalyst are discharged through a side outlet positioned
slightly above the bed height when initially fluidized. The TEA in this study explores
various reactor heating methods, such as fuel combustion (CH, and H,) and electricity.

A fluidized-bed reactor (FBR) is a potential solution to this issue
through a modification of its conventional design: continuous addition
of fresh catalyst and simultaneous removal of spent catalyst along with
the produced carbon [4,6,7,11,12]. The vigorous motion of particles
in FBRs enhances heat and mass transfer between the gas and the
solid catalyst. As a result, temperature control is improved, and the
formation of hot spots is prevented. Fig. 1 illustrates a potential FBR
configuration for an industrial CMP process. This design was influenced
by the elutriation of particles [14]. The encapsulation of the metal
catalyst by the carbon material reduces the particle density [15-171],
allowing the carbon product and spent catalysts to be carried upward
by the gas flow and expelled from the reactor [4,12]. FBR is a promis-
ing technology for CMP, however, several challenges and limitations
still need to be addressed [4]. These challenges include overcoming
the complexities of reactor design and operation, developing a cost-
effective catalyst with high activity and a long lifespan, potentially
with the ability to be regenerated, and addressing both the prevention
and mitigation of solid carbon agglomeration. Numerous experimental
studies, computational analyses, and proof-of-concept investigations on
CMP in FBRs have been reported in recent literature [15,16,18-23].
Despite its potential, to the best of the knowledge of the authors,
only two studies in the current literature have explored the economic
feasibility of CMP in FBRs at an industrial scale [14,24]. This con-
trasts with the comparatively larger number of techno-economic studies
available for alternative MP reactors, such as molten metal and molten
salt reactors [5,25-30]. While molten metal and salt reactors show
promise, significant challenges remain, including the stability of the
molten medium and corrosion at high operating temperatures (above
900 °C to 1000 °C), particularly in steel-based reactor designs [6].

Zhang et al. [24] studied the CO, mitigation costs associated with
CMP with FBR for H, production and subsequent power generation in
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a fuel cell. The study estimate a profitable levelized cost of electricity
of €177/MWh of CMP with Ni-based catalyst. However, the analysis
assumed perfect catalyst separation and recycling, without evaluating
the necessary solid handling processes. In addition, the relationship
between catalyst flow rate, deactivation, and reactor conditions — key
factors in estimating variable production costs — was oversimplified
by fixing the ratio of deposited carbon to the catalyst mass inside the
reactor. In a more recent work, Riley et al. [14] studied the techno-
economic performance of a 216 tonnes per day (TPD) conceptual CMP
plant using a FBR. The authors estimated the levelized cost of H,
(LCOH) to be less than $3.25kg™!, assuming a NG price of $7/MMBtu
and a catalyst cost of $8kg~!, without accounting for the sales of the
solid C. Details of the reactor model used to determine the relationship
between catalyst rate and operating conditions were not reported.
Both Zhang et al. [24] and Riley et al. [14] assumed a simple first-
order kinetics, neglecting chemical equilibrium and reverse reactions,
which can lead to unrealistic calculations. Riley et al. [14] reported
a single-pass CH4 conversion of up to 99% at operating conditions of
700 °C and 9.2 bar. This is significantly higher than the equilibrium con-
version, which is approximately 42% at these conditions, as indicated
by the equilibrium CH, conversion curves, shown in Figure S.10 of the
supporting information (SI).

A computational fluid dynamics — discrete element method — multi-
grain model study on FBR for CMP shows that the continuous intro-
duction and removal of catalyst particles in the reactor lead to a stable
average deactivation factor of the particles [21]. Based on this idea, our
study introduces simplified yet practical, novel steady-state FBR models
to determine the catalyst rate required to maintain a specified reactor
activity. These models are integrated with Aspen Plus simulations of
the conceptual plant proposed in this work, enabling overall plant
simulation while accounting for the interplay of the reactor conditions,
reaction kinetics, catalyst rate and deactivation. The reaction kinetics
are adopted from the experimental work of CMP with Ni-based catalyst
of Hadian et al. [17], which incorporate equilibrium considerations,
adsorption—desorption processes, and catalyst deactivation over time.
The reactor models, implemented in Python, are fully accessible in
the Data availability section, ensuring reproducibility and allowing
modifications for evaluating other plant configurations, reactor designs,
CMP catalysts, and kinetic models for further studies.

The reactor and process plant models serve as the basis for the
economic evaluation of CMP for large-scale H, production, with solid
carbon as a byproduct. In our study, key investment parameters, includ-
ing the LCOH, net present value (NPV), and payback time (PBT), were
estimated. Using similar price assumptions as in Riley et al. [14], at a
reactor temperature of 700°C and pressure of 1.12bar, our simulation
yields an average LCOH of $4.86kg™!, significantly higher than what
was predicted by Riley et al. [14]. This discrepancy highlights the
importance of accurate kinetic and reactor modeling. In our baseline
scenario, the LCOH ranges from $3.89 to $4.79 per kg. Based on an
H, selling price of $5kg~!, the estimated PBT and NPV from average
simulation conditions are 4.7 years and $102.3 million, respectively.
Our monte Carlo sensitivity analysis indicates that CMP remains cost-
competitive despite economic uncertainties. Further analyses identify
reactor temperature, CH, price, solid C sales, and disposal fees as
critical parameters to the process economics. Scaling analysis shows
substantial cost reductions as H, production scales from 12.5 TPD to
800 TPD and predicts an unprecedented capital cost-scaling curve for
CMP plants. We also evaluate the economic and CO, emission impacts
of reactor heating methods, including electrical heating, are evaluated.
The results show that using CH, combustion with CCS for heating
achieves a low production cost with minimal emissions, whereas H,
combustion incurs the highest cost. Electric heating powered by grid
electricity leads to the highest emissions.

This research aims to address the gap in the literature regarding an
extensive techno-economic analysis (TEA) of large-scale CMP with FBR.
The paper is structured as follows: Catalyst and reaction kinetics -
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introduces the significance of catalysts in MP and the reaction kinetics
for Ni-based catalyst. Reactor modeling - describes the development
of the simplified CMP reactor models. Conceptual plant and process
simulation - describes the conceptual plant design and its integration
with the reactor models. Techno-economic analysis - presents the
TEA framework, key assumptions, and financial metrics. Results and
discussions - discusses the results, focusing on reactor performance,
economic feasibility, and sensitivity analyses. The paper concludes with
a summary of our main findings, remarks and recommendations.

2. Catalyst and reaction kinetics

Catalysts play a crucial role in enhancing the efficiency of the CMP
process by reducing the reaction temperature required to achieve suffi-
cient conversion. The type and quality of the solid C byproduct formed
during CMP are significantly influenced by the choice of catalyst [4,13].
CMP with C-based catalyst [31-34] and non-catalytic MP [35-38]
typically produce carbon co-product in the form of amorphous car-
bon or graphite. Metal-based catalysts, particularly those containing
transition metals such as nickel (Ni), iron (Fe), and cobalt (Co), tend
to produce filamentous carbon such as carbon nanotube (CNT) and
nanofiber (CNF) from CMP [4-7,11,12]. CNTs and CNFs have a wide
range of applications, with prices varying significantly from as low as
$25kg™" to as high as $600000kg~"!, depending on product character-
istics, purity, and application requirements [39]. The high value and
versatility of these materials could add substantial economic benefits
to the CMP process.

Ni-based catalysts exhibit higher activity compared to Co-, Fe-
, molybdenum-, and C-based catalysts [4]. These catalysts operate
effectively at relatively low temperatures, as low as 500 °C, whereas
Fe-based catalysts typically require temperatures higher than 700°C.
Despite the superior activity and low-temperature operation of Ni-based
catalysts, rapid deactivation occurs at temperatures above 600 °C due
to carbon deposition and sintering. To overcome this challenge, one
of the commonly implemented strategies is to combine Ni with other
materials, such as Fe, bismuth (Bi), or potassium (K), and add support
to increase stability [40]. The addition of supports, which are usually
metal oxides (i.e., Al,05, MgO, and SiO,), changes the pore structure,
surface area, and catalyst composition, which affects the activity and
stability of the overall catalyst [41].

Various kinetic studies on CMP with metallic catalysts are docu-
mented in the literature [17,42-53]. These studies show that the actual
reaction rate of CMP decreases over time due to carbon accumulation
at the catalyst surface, leading to catalyst deactivation. The reaction
rate as a function of time, r(r), can be expressed as [17,49-53]:

r(t) =rgy - a(®), (2)

where r, represents the initial reaction rate and «(¢) denotes the time-
dependent deactivation factor.

Several studies proposed a mechanism for CMP involving the molec-
ular adsorption of CH,, followed by stepwise dehydrogenation re-
actions until separate adsorbed carbon atoms and H, molecules are
obtained [48,51,54-56]. In this scheme, the first dehydrogenation step
— an initial reaction in which a hydrogen atom is removed from an ad-
sorbed CH, molecule, resulting in the formation of an adsorbed methyl
radical (CHj3) and a hydrogen atom - is considered the rate-limiting
step of the overall process. Based on this mechanism Amin et al. [51],
derived the following equation to describe the initial reaction rate of
CH, decomposition:

k (PCH4 - P}ZIZ/KP)
ro = 5 3)
15
(1 + Ko, Pon, + Kur, Py )
where k is the specific reaction rate constant, K, is the equilibrium
constant of Eq. (1), K¢y " and KHz are the overall adsorption constants
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Table 1
Initial reaction rate and deactivation factor parameters.
Source: Adapted from Hadian et al. [17].

Constant Parameter Value Unit
k A 9.77054 molgy, (Pa kg s)~*
E 88 kJ mol™!
Ken, Acy, 6.887737e-10 Pa!
AHgy, -56 kJ mol™!
Ky, Ay, 5.8009466e—16 pa!s
' AHy, -144 kJ mol-!
kq Ay 18.39 !
E, 147 kJ mol™!
ki Agc 309.87
AH, -26 kJ mol™!
kqcu, Agcn, —4.431483e-3 Pa~!
AH, ey, -5.376 kJ mol-!
kan, A, —2.44388e-05 Pa—083
AH,y, -80.19 kJ mol™!

for CH, and Hy, respectively. The terms Py, and Py, are the partial
pressures of CH, and H,, respectively.

Amin et al. [51] also proposed a semi-empirical equation for the
catalyst deactivation factor, derived from a species balance on the
active sites of the catalyst:

0.8
a) = (1-05 -k, -1+ (kac + kacn, Pen, +kam, P) ) )
where ¢ is time, and kg, k4 ¢, kycn,, and kyy, are the constants.

Building upon these models, Hadian et al. [17] studied CMP kinetics
using Ni-based catalyst supported on silica in a lab-scale FBR. From
the experimental results, the kinetics and deactivation constants were
estimated for the temperature range of 550°C to 600°C with error
margins of 10% for the initial reaction rate and 17% for the deacti-
vation factors. The parameter values are listed in Table 1, which serves
as the basis for the reaction kinetics in the reactor models developed
in this work. The initial reaction rate constant, k, and deactivation
constant, k,, are described in Arrhenius form—k = A - exp (—f—; .
Meanwhile, Key,, Ky, kqc» kqcn,> and kg y, follow the Van 't Hoff
equation—K = A - exp (—%). Here, A, E,, AH and R are the pre-
exponential factor, the activation energy, the heat of adsorption and
the universal gas constant, respectively. The equilibrium constant, K,
which dictates the driving force of the reaction, forward or backward,
to ensure that the expression of the rate adheres to the equilibrium con-
straints, is calculated following the approach proposed by Zavarukhin
and Kuvshinov [49],Kuvshinov et al. [57]:
_91.2kI mol 1) ®)

RT

It is important to note that both Amin et al. [51] and Hadian et al.
[17] conducted experiments using laboratory-scale reactors at atmo-
spheric pressure. The reported deactivation parameter values seems to
be valid only at conditions near atmospheric pressure, as the model
predicts activity larger than 1 for H, partial pressures of +1bar. Ac-
cordingly, this study limits the reactor pressure of the conceptual plant
to 1.12bar, a constraint with cost implications discussed in Results and
discussions. This underscores the need for further investigation into the
kinetics of CMP at elevated pressures.

- 10
K, =5.088-10"" Pa - exp <

3. Reactor modeling

The reactor models developed in this work are essential for account-
ing for the interplay between reactor operating conditions (e.g., pres-
sure, temperature, etc.), catalyst feed/extract rates, reaction kinetics
and catalyst deactivation. These models were implemented in Python
and integrated with the Aspen Plus process simulation since there are
no built-in reactor models in Aspen Plus that account for all these
factors comprehensively.
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In this study, we present two simplified models of the complex
CMP fluidized bed concept. These models omit the detailed flow and
fluidization behaviors of the solid and gas phases within the FBR unit.
Instead, the models represent two operational extremes of fluidized bed
behavior: one in which both the solid and gas phases are well mixed,
and another in which both phases approximate plug-flow behavior.
Thus, steady-state reactor models were developed based on ideal re-
actor assumptions: the continuous stirred-tank reactor (CSTR) and the
plug-flow reactor (PFR). The CSTR model simulates a fully turbulent
FBR, where solids are perfectly mixed, and the violent agitation of the
bed causes significant back-mixing of the gas phase [58]. This scenario
is typically observed in FBR with low height-to-diameter ratios [59].
The PFR model simulates a transport FBR, where the gas velocity is high
enough to entrain solids, causing the solids to flow along the length
of the reactor with the gas [58]. It is important to note that the solid
and gas velocities may differ. The PFR model also describes a type
of CMP fluidized bed in which solids move due to particle expansion
from the accumulation of solid C and the constant injection of fresh
catalyst particles. This configuration is typical in reactors with high
height-to-diameter ratios, where axial mixing is limited. An example
of such a reactor is the bench-scale FBR system for continuous CMP
presented by Bae et al. [15]. We propose that the implementation of
these two idealized reactor models in the process simulations defines
the upper and lower bounds of the techno-economic performance of
the conceptual CMP plant. The goal of the TEA in this study is not
necessarily to provide a definitive figure for final investment decisions,
but rather to offer insights for creating long-term strategies, facilitate
comparison with other processes, and encourage further research.

Both reactor models assume isothermal conditions, with constant
external heat input supplied to maintain reactor temperature. The
Python implementation of both CSTR and PFR model, along with the
documentations, are available in the Data availability section.

3.1. Continuous stirred-tank reactor

Fig. 2 illustrates the isothermal fluidized bed CSTR analysis pro-
posed in this work. The gas species concentrations inside the reactor,
represented by the partial pressures, are assumed to be uniform and
equal to those of the products exiting the reactor [60]. The solid
particles, consisting of the catalyst and solid C, are assumed to be
well-mixed throughout the reactor. The proposed model employs mass
balance equations for the reactants to determine the outlet flow rates
of the reactor, as expressed as follows:

Fenyout = Feryin = Wears ©

FH2,out = FHz,in +2r Weas @

where Fey, i, and Fey, oy are the inlet and outlet mole flow rates of
CH,, respectively, while Fy, ;, and Fy, o are those of Hy; r is the
reaction rate, and W, is the catalyst holdup. These equations are
solved through an iterative process that adjusts initial outlet mole flow
guesses, for calculating the reaction rate, to minimize the residuals of
the molar balances. This is implemented using the minimize function
from the SciPy library [61], with an objective function defined as the
sum of squared molar balance residuals for CH, and H,. For steady-
state condition, the reaction rate in the reactor, r, is calculated as:

r=rq-a ®)

where r is the initial reaction rate, defined in Eq. (3), and a is the
average catalyst deactivation factor inside the reactor.

The average deactivation factor is derived by integrating the cat-
alyst deactivation profile over the particle residence time distribution
(RTD). The RTD describes the residence time of particles within the
reactor, providing insights into its mixing characteristics [60]. The

Chemical Engineering Journal 522 (2025) 167134

average deactivation factor computed numerically using the following
equation:

a= Y fi-at), ©)

where f; is fraction of particles in the reactor with residence times of 7;
and a(t;) represents the deactivation factor for particles with residence
time of #; calculated using Eq. (4). The fraction of particles exiting
within discrete time intervals is computed using the differences be-
tween evaluations of cumulative distribution function, F(¢). For an ideal
CSTR, the cumulative distribution function, representing the fraction of
the material that has been in the reactor at time ¢ or less, is expressed
as [60]:

1 e—t/r
F(r) = / =1-¢7/7, (10)
0 T

where 7 is the average residence time, defined as W_,/m¢ar, With mgy;
being the catalyst mass flow rate. The model cuts off the calculation of
F(t) for evaluating the RTD when 99.9% of the particles have exited
the reactor.

In this study, the average deactivation factor of the reactor, a, is
maintained at a target value specified as a user input. The catalyst
mass flow rate, mg,, is adjusted iteratively, with recalculations of
average residence time, reaction kinetics, and mass balances using the
reactor model, until the difference between the computed and target
deactivation falls within 0.001. After achieving convergence, the outlet
mole flow rates is computed based on the final catalyst mass flow rate
obtained from the iteration.

3.2. Plug-flow reactor model

Fig. 3 illustrates the proposed isothermal fluidized bed PFR model.
PFRs operate with a continuous change in reaction conditions along
the reactor length [60]. As CH, and H, flow through the reactor, the
concentrations of each component change progressively. Unlike the
CSTR model where the catalyst is well-mixed throughout the reactor
volume, the PFR model assumes catalyst movement along the gas
flow direction, with lower velocity, no axial mixing, and complete
radial uniformity. The catalyst movement results from the elutriation
of material and the continuous injection of fresh catalyst at the bottom
part of the reactor. As the catalyst flows vertically along the height
of the reactor, it gradually deactivates due to carbon accumulation,
affecting its activity as a function of time.

The PFR analysis is performed by discretizing the length of the reac-
tor into finite segments with equal amount of catalysts and treated like
an individual CSTR unit. The reaction kinetics and catalyst deactivation
changes along the reactor length. The model calculates the flow rates
of CH, and H, at each segment, solving for the outlet conditions of the
reactor by progressing from the inlet (first segment) to the outlet (last
segment). The mass balance equations for a PFR segment are:

F . B . ~ Weat
cHyin(+ 1) = Fop in(D) = r() - —=, amn

o . N Wear
Pty in(i + D) = Fygy () + 2 1(0) - —, 12)

where Foy, j,(i) and Fy, i, () are the inlet mole flow rates of CH, and
H, for segment i, r(i) is the reaction rate in segment i, and n is the
number of segments. As in the CSTR model, the mass balance equations
are solved by iteratively adjusting outlet flow rates to minimize molar
balance residuals for CH, and H,.

The catalyst deactivation is assumed to remain constant and uni-
form within each segment and is modeled as a function of the axial
length of the reactor. The reaction rate at a given segment of the
reactor, r(i), is then expressed as:

r(i) = ro(i) - a(i), (13)
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Reactor average deactivation:
a=Xf(t) - a(t;)
Fraction of particles leaving at #: )
f(t) = F(t+At) - F(t)

Cummulative distribution function, F(t):

1

Fig. 2. Schematic representation of the steady-state isothermal fluidized bed CSTR model,

The model uses mass balances and reaction kinetics to solve for the outlet flow rates—Eqs. (6) to (8). The kinetics account for the average catalyst deactivation, a,
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assuming uniform species concentrations and well-mixed catalysts throughout the reactor.
calculated by

weighting the deactivation at different times with the fraction of particles leaving at those times, f(r) — Eq. (9). The fraction of particles exiting at a given time is determined by

the change in the cumulative distribution function, F(¢), over a small time interval — Eq.
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Fig. 3. Schematic representation of the steady-state isothermal fluidized bed PFR model. The reactor is analyzed by discretizing the axial length into segments. Mass balances,
reaction kinetics, and deactivation are computed sequentially to determine the outlet conditions—Egs. (11) to (14). The inlet mole flow rates of CH, and H, of each segment are

denoted as Fy, (i) and Fy, i, (), respectively, continuously changes as the gas progresses along the reactor length. Catalyst particles are assumed to flow vertically with the gas

stream, progressively deactivating due to carbon accumulation.

where r((i) is the initial reaction rate at segment i, computed using
Eq. (3), while a(i) is the catalyst activity at segment i. The catalyst
deactivates gradually at each segment from entering and exiting the
reactor. At the first segment, upon entering the reactor, the deactivation
factor of the catalyst particles is calculated using Eq. (4), with the time
variable evaluated as the time the particles spent in each segment,
which is calculated as:

Irﬁ _ Wear/Meat
n

At = R 14)

n

where 1, is the residence time of the catalyst particles and » is the
total number of segments. For the second and subsequent segments,
the catalyst deactivation value is approximated using the fourth-order
Runge-Kutta (RK4) method for first-order linear ordinary differential
equations [62]. This approximation is evaluated at time ¢*, an interme-
diate variable representing the time required for catalyst particles to

deactivate up to the deactivation value of the previous segment when
exposed to Pey, (i) and Py, (). Time * is solved using root scalar
function from SciPy [61]. The calculations for mass balances, reaction
kinetics, and deactivation factors are performed sequentially for each
segment by the model until the outlet flow rates of the final segment
are solved—specifically, the flow rates of species (CH,4, H,, and solid
C) at the reactor exit. Once the deactivation values for all segments
are obtained, the average deactivation factor of the catalyst across the
reactor can be computed as:

_ 1w
a=;;a(1).

Similar to the CSTR analysis, the catalyst rate in this PFR analysis
is adjusted iteratively to achieve the specified average catalyst activity,

(15)
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Fig. 4. PFD of the conceptual CMP plant with combustion heating and CCS. CH, feed is mixed with the recycle stream, compressed to 1.4bar by COMP-1, and preheated in HX-1
and HEATER-1 before entering the FBR at 650°C. Catalysts are preheated in HEATER-2 and fed into the reactor to facilitate the reaction. COMP-3 draws gas-fuel and air for
combustion in the furnace, supplying heat to the preheaters and reactor. Gas and solid products are separated in the reactor; gas passes through CYCLONE to remove entrained
carbon particles and preheats incoming feed via HX-1, while solid C products are collected. A Rankine cycle system, comprising HX-2, HX-3, TURBINE, COOOLER-1, and PUMP,
recovers heat from process and exhaust gases. The process gas is compressed by COMP-2 to the PSA pressure of 15 bar. COOLER-2 and -3 facilitate the compression and adsorption.
The PSA purifies the H, product, and the CH,-rich tail gas is recycled back to the process. A CCS system extracts CO, from exhaust gas, compressing it to 74 bar via COMP-4 for

transport and storage.

a, along the reactor. Convergence is reached when the average activity
matches the desired value within a tolerance of 0.001.

4. Conceptual plant and process simulation

Various large-scale MP conceptual plants have been developed in
the literature, with molten reactors being utilized in most designs. This
work presents a CMP conceptual plant using FBR with two distinct
configurations based on reactor heating methods: fuel combustion (CH,
and H,) and electric heating. For plant with CH, combustion, there are
two plant versions to simulate the process plant with and without CCS
integration.

The feedstock is assumed to be 100% pure CH,, rather than NG
or biogas. This is due to the lack of available pyrolysis kinetics data
for other components in NG, such as ethane and propane. For biogas,
components like CO,, N,, H,0, and H,S can significantly increase the
upstream and downstream separations requirements, reducing process
feasibility. To address this, detailed modeling of the gas separation
systems for CMP with industrial feedstocks will be conducted in a
follow-up study. This study targets a H, purity of 99.5%, achieved
through a pressure swing adsorption (PSA) unit. PSA has been shown
to recover high-purity H, from H,/CH, mixtures containing 65%-98%
H, [63,64], which aligns with the PSA feed composition in our process
simulations. The PSA unit is assumed to operate at 15 bar with a
maximum recovery of 90%, based on values reported for SMR pro-
cesses [65-68]. Sensitivity analysis of PSA pressure, presented in Figure
S.11 of the SI, demonstrates that it has a relatively small impact on the
overall process plant costs.

For the baseline scenario, the H, production capacity of the plant
is 100 TPD. The compressors are modeled as centrifugal type, while
the turbine as condensing-steam (axial) type. The mechanical and
isentropic efficiencies for compressors and turbines are assumed to
be 0.90 and 0.85, respectively, while pump and driver efficiency is
set at 0.90 and 0.85, respectively. The efficiency of the furnace is
0.85 for fuel combustion and 0.90 for electric heating. Pressure drops
in heat exchangers, including heaters and coolers, are ignored. The
incoming and outgoing temperature of cooling water are 25°C and
35°C, respectively. Ambient air is assumed to compose of 79 vol% N,
and 21 vol% O, at 25°C and 1 atm.

4.1. Plant description

Fig. 4 illustrates the process flow diagram (PFD) of the conceptual
CMP process plant with combustion heating and CCS. The process starts
with feeding CH, to the plant at 1.01 bar and 25°C. Upon entering
the system, the feed is mixed with recycled stream rich in CH, (with
some traces of H,). The mixed gas is then compressed by a compressor,
COMP-1, to 1.4 bar. This compression ensures adequate gas flow against
pressure drops in the FBR. The pressurized CH, stream then passes
through a heat exchanger, HX-1, where it is preheated using thermal
energy recovered from the outlet gas stream of the reactor. HEATER-1
further heats the preheated CH, to the reactor operating temperature,
while HEATER-2 performs the same function for the fresh catalyst feed.
Both preheaters are powered by same heating furnace as the reactor.
At the core of the process is the FBR, which operates at a temperature
of 650°C. In the sensitivity analyses, this is varied between 550°C to
750°C. The pressure across the reactor ranges from 1.12bar to 1.4 bar,
as the reactor is sized such that the outlet pressure is 1.12bar. In the
FBR, CH, undergoes decomposition according to Eq. (1) within the
fluidized catalyst bed. Gaseous and solid components are separated by
the FBR, as described in Fig. 1. Fine carbon particles may be entrained
in the gas flow and exit the reactor through the top. These particles
are separated from the gas stream using a cyclone placed downstream
of the gas exit of the reactor. After passing through the cyclone, the
high temperature gas mixture passes back through HX-1 to preheat the
incoming CH, feed.

The carbon particles collected from the cyclone and the carbon
products along with the spent catalyst from the reactor are gathered
for further purification, direct sale, or disposal (sequestration) [69-74].
Spent catalyst may also be separated from the carbon product, then
regenerated, and recycled to the reactor [22,75,76]. The separation of
the catalyst from the carbon product is critical, as impurities lower the
value of the solid C and raise environmental and safety concerns. It
also enables catalyst regeneration and recycling without burning off the
carbon and emitting CO,. Various separation methods have been pro-
posed in the literature, including selective oxidation, ultrasonication,
acid treatment, and carbon dislodging by vigorous stream [22,69-76].
However, due to limited experimental and kinetic studies, this step
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remains difficult to model accurately and is currently being explored
in more detail in our follow-up study.

The preheaters and reactor are assumed to be contained within a
combustion furnace when heating is via CH4 or H, combustion. Fuels
are combusted with O, from ambient air, supplied at 5% excess mass
flow for stoichiometric combustion. The gas-fuel and air mixture is
drawn in by a compressor, COMP-3, as the furnace operates slightly
above atmospheric pressure. In this heating mode, the process H,/CH,
gas mixture from the reactor is then passes through a heat exchanger,
HX-3, to heat a working fluid, water, in a Rankine cycle. Integrating
this cycle improves energy efficiency by recovering thermal energy
from combustion exhaust gas. The exhaust gas energy is utilized in
heat exchanger HX-2 to convert pressurized liquid water at 102 °C into
steam at 810 °C. The steam expands in a turbine, which is connected to
a generator to produce electrical power. After expansion, the steam is
condensed in COOLER-1 and pumped back to HX-3 at 50 bar. Exhaust
gas leaving HX-2 are sent to the CCS unit, where CO, is captured from
the exhaust gas with an assumed capture rate of 90%. The CO,-lean
flue gas is released into the environment, while the captured CO, is
compressed by COMP-4 to 74 bar for transport and storage [77]. COMP-
4 is designed as a three-stage compressor with intercoolers to minimize
CO, outlet temperature.

When electric heating is used, the Rankine heat recovery cycle and
CCS systems are not applicable. Instead, the H,/CH, gas mixture flows
directly to heat exchanger COOLER-2 after exiting HX-1. In COOLER-
2, the H,/CH, gas mixture is cooled to 30°C by cooling water before
entering compressor COMP-2 to reduce the compression workload.
COMP-2 compressed the gas mixture to the PSA operating pressure of
15 bar. As with the CO, compressor, COMP-2 is a three-stage compres-
sor with intercoolers to limit temperature increase from compression.
At the compressor exit, the gas is reheated due to compression and is
subsequently cooled in COOLER-3 to facilitate PSA operation. The PSA
unit purifies H, to meet stringent product specifications. Meanwhile,
unreacted CH, and residual H, are recovered from the PSA tail gas
and recycled back into the process feed. Figure S.2 and S.3 of the
SI provide the PFDs of the CMP plant with combustion and electric
reactor heating, respectively, with the complete stream annotations.
Table S.1-S.6 of the SI provide the stream data of the CMP plants
for each reactor heating mode configuration following CSTR and PFR
simulations.

4.2. Process simulation

The proposed process concepts are simulated using Aspen Plus
Software V12, applying the Peng-Robinson property method [78] to
calculate the thermodynamic properties for most of the process streams.
For water streams within the Rankine cycle, the Steam-TA property
method is used. The stream class MIXCIPSD is configured to ensure
accurate modeling of the solid catalyst and solid C streams. In the
Aspen Plus simulation, the reactor is modeled using either the built-
in PFR or CSTR models, depending on which reactor analysis is being
performed. To account for catalyst deactivation due to the solid C
growth in the process simulation, the Python-based PFR and CSTR
models were integrated to Aspen Plus simulation through iterative
calculations. This framework enables comprehensive process plant sim-
ulations that consider the extent of reactor deactivation influenced by
reactor conditions, reaction kinetics, and catalyst rate. The final results
from the Aspen Plus simulation are then used as the basis for the
techno-economic analysis (TEA) of the CMP plant. Further details on
the simulation workflow, including the Aspen Plus-Python integration,
are provided in the SI. The Python routine and Aspen Plus simulation
files are available in the Data availability section.
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5. Techno-economic analysis

TEA is a critical method for evaluating the economic performance
of processes in industries [79]. In this study, TEA is performed to assess
the overall value of the conceptual CMP plant described previously,
enabling a comparative evaluation of CMP using a fluidized bed against
other MP processes and H, production methods. The analysis focuses
on estimating the capital expenditures (CAPEX), operating expenditures
(OPEX), LCOH, NPV and PBT of the plant. This section outlines the
parameters, assumptions, and methodologies used to perform these
assessments. The subsequent Results and discussions section explores
sensitivity analyses to determine the influence of critical variables, such
as catalyst cost and carbon sales, on the economic viability of the CMP
plant.

5.1. Capital expenditure

The CAPEX estimation in this study is derived based on limited cost
data and design detail, and is therefore classified as “Class 4” estimates
with accuracy range of +30% [58]. The purchase cost of major process
equipment is estimated using cost correlations from the literature,
adjusted to reflect 2023 pricing with the Chemical Engineering Plant
Cost Index (CEPCI). Table S.9 of the SI summarizes the cost correlations
used in this study. The remaining capital costs are estimated as factors
of the equipment cost.

The total cost of designing, constructing, and installing a plant,
along with the preparation of the plant site, is referred to as the fixed
capital investment (FCI). The FCI comprises the following components:
inside battery limits (ISBL) investment, outside battery limits (OSBL)
investment, design and engineering costs, and contingency charges. The
ISBL investment is estimated based on the purchased equipment cost
using the following equation [58]:

M
ISBL =)' Cycs (14 f)fm+ (Ffur + fu+ fi+ fe+ f+ 1] (16)
i=1

where C,; ¢ represents the purchased equipment cost of equipment ; in
carbon steel material and M is the total number of pieces of equipment.
The installation factors include f, for piping, f,, for equipment erec-
tion, f,, for electrical work, f; for instrumentation and process control,
/. for civil engineering work, f; for structures and buildings, and f; for
lagging, insulation, or paint. The FCI is subsequently estimated using
the following equation [58]:

FCI=1ISBL-(1+0S)-(1+ D&E + X) - LF, a7

where OS denotes the OSBL factor, D&E represents the design and
engineering factor, X for the contingency charge factor and LF for
the location factor. Table S.10 of the SI provides the values of the
factors, categorized by the process equipment type (e.g., fluids, solids,
and mixed process).

5.2. Operating expenditure

The OPEX represents the operating expenses associated with man-
ufacturing the product [58,80,81], in this case, H, and solid C. OPEX
is typically classified into variable and fixed production costs. Variable
production costs fluctuate with plant output and include utilities and
raw materials consumed during the process. In this study, variable
costs include the costs for electricity, cooling water, CH, feed, catalyst
feed, and CO, tax. The quantities of these inputs are determined from
the mass and energy balance results of the process simulation. Base-
line prices for these components are detailed in the Baseline scenario
subsection.

Fixed production costs, in contrast, are independent of production
levels. This study considers the following fixed costs, along with the
cost estimation methods [58,81]:
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1. Operating labor costs — operators hourly rate is assumed at
$38.11 per hour per operator [82]. The plant operates in three
shifts, with the required number of operators per shift, Ny,
estimated using [81]:

Nor = (6.29+31.7N2 )

solids

+0.23Ngyids) > (18)

where Ngyiqs and Npuigs are the number of solid and fluid
process equipment excluding pumps and cyclones. Operators
work 49 weeks per year with 5 shifts per week.

2. Supervision costs and laboratory charges — estimated at 25%
and 10% of operating labor costs, respectively.

3. Direct salary overhead — costs of providing employee ben-
efits and training, estimated at 50% of operating labor and
supervision costs.

4. Maintenance, Taxes, insurance and operating supplies costs
— estimated at 5%, 1.5%, and 0.9% of the ISBL investment,
respectively.

5. Rent of land and environmental costs — estimated at 1.5%
and 1% of the ISBL and OSBL costs, respectively.

6. General plant overhead — costs of corporate overhead func-
tions such as human resources, information technology and oth-
ers, estimated at 65% of combined operating labor, supervision
and direct salary overhead costs.

7. Interest on working capital — estimated at 9% of the working
capital, which is estimated at 15% of the FCI.

8. Patent and royalties, product distribution, and R&D costs
— estimated at 2%, 2%, and 3% of the variable and production
costs, respectively.

Fixed costs are crucial even in early design stages as these costs
significantly impact process economics. Some fixed costs, such as main-
tenance and labor, may exhibit semi-variable behavior, decreasing with
increased production but persisting even at zero output [80].

5.3. Levelized cost of hydrogen
The LCOH is the cost per unit of H, produced over the lifetime of

a H, production project. The LCOH is defined as the discounted cash
flow divided with the discounted H, produced [83]:

i CAPEX, + OPEX, — C-Revenue,

& a+iy
LCOH = , (19)

where CAPEX, represents the CAPEX in year ¢, OPEX, is the OPEX in
year ¢, and C-Revenue, denotes the revenue of solid C in year 1. my, ,
is the H, produced in year ¢, while i is the fixed interest rate (discount
rate). The year index, ¢, ranging from 1 to r,, where 7, represents the
project lifetime in years. The annual variation of CAPEX, OPEX, solid
C revenue and H, production follows the typical start-up schedule of a
chemical plant, as described by Towler and Sinnott [58], and is shown
in Table S.11 of the SI.

5.4. Net present value

NPV is a useful economic measure since it allows for the time value
of money and also for annual variation in expenses and revenues. The
NPV of a plant is the sum of the present values of its future cash
flows [58]:

t

' CF,
NPV = Z ! (20)
=1

1+’

where CF, is the cash flow of the plant in year ¢. The cash flow of the
plant, CF,, is calculated as:

CF, = GP,— T, - CAPEX,, 21)
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where G P, and T, is the gross profit and tax paid in year ¢, respectively.
The gross profit, GP, is defined as:

GP, = H, — Revenue, + C-Revenue, — OPEX,, (22)

where H, — Revenue, refers to the revenue from H, sales in year 7. The
tax paid, T}, is calculated as:

{TRxT],l, ifTI,, >0
Tt=

. (23)
0, otherwise,

where TR is the tax rate and T'1,_; represents the taxable income from
the previous year. The taxable income in year ¢ is given by:

TI, =GP, — Dep,, (24)

where Dep, is the depreciation in year ¢. In this study, depreciation is
assumed to follow the straight-line method over half of the project’s
lifetime, and inflation is considered negligible.

An attractive investment project would have a positive NPV. By
calculating the NPV at different interest rate, it is possible to find the
interest rate at which the NPV equals zero. This specific interest rate is
known as the internal rate of return (IRR) [58].

5.5. Payback time

In this study, the PBT of the plant is defined as the fixed capital
investment divided by the average annual cash flow, CF [58]:

ppT = L (25)
CF
The average annual cash flow is based only on the years in which the

plant generates revenue, i.e. year 3 onwards.
6. Results and discussions
6.1. Baseline scenario

Table 2 summarizes the parameter assumptions used for the eco-
nomic evaluation of the baseline scenario. The reactor temperature
in this scenario is set at 650°C, as it provides the most cost-efficient
operating conditions, as later shown in Sensitivity analyses. However,
this temperature exceeds the valid range (550 °C to 600 °C) from which
the catalyst kinetic and deactivation models (Egs. (3) and (4)) were
derived, making its application an extrapolation beyond the experimen-
tal basis. Reliable kinetic models for CMP that account for chemical
equilibrium, reverse reactions, and adsorption are very limited in the
literature, and this model was selected due to its physical relevance.
To complement the baseline analysis, TEA and sensitivity analysis
results at 600 °C, which also show cost-competitive performance, are
provided in the SI. The average catalyst deactivation factor in the
reactor is specified at 0.85. The catalyst base price is estimated using
CatCost [84], based on Ni/Al,0; catalyst.

The process simulation and TEA yield an estimated annual OPEX of
a fully operational plant at $165 million for the CSTR model and $135
million for the PFR model. The annual OPEX is heavily influenced by
variable operating costs, with CH, feed alone accounting for 49%-59%
of the total OPEX, while fixed production costs comprise 19%-21% of
the annual OPEX. Fig. 5 illustrates the breakdown of variable operating
costs based on process simulations using both reactor models, while
Figure S.12 of the SI presents the breakdown of fixed production costs.
The main difference in the OPEX between both models stems from the
catalyst feed cost. The CSTR model requires a higher catalyst feed rate
of 229.21kgh~! compared to 88.93kgh~! for the PFR model to maintain
an average catalyst deactivation factor of 0.85. This is mostly due to
differences in the partial pressures of CH, and H, within the reactors.
In the CSTR model, the partial pressures of CH, and H, remain uniform
throughout the reactor at 0.48bar and 0.64 bar, respectively. In the
PFR model, partial pressures of CH, and H, vary progressively from
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Fig. 5. Comparison of annual variable operating costs breakdown based on CMP process plant simulations using two reactor models: CSTR and PFR; highlighting the cost

contributions from CH, feed, catalyst feed, electricity, CO, tax, and cooling water, with CH, feed costs being the most significant in both simulations.

Table 2
Baseline scenario assumptions of CMP plant and economic parameters.
Parameter Values Units Remarks
Plant parameters
Plant capacity 100 TPD
Reactor temperature 650 °C
Reactor pressure 1.12 bar
Catalyst holdup 500 kg
Catalyst bulk density 850 kg m~3 Ref. [17]
Solid C bulk density 250 kg m~3 Ref. [85]
Deactivation factor 0.85
Heat source CH, fuel
PSA pressure 15 bar
Utilization rate 0.95
Process type Mixed
CO, capture & storage Not applied
Economic parameters
Country Netherlands
Interest rate 0.09
Tax rate 0.25
Project lifetime 20 years
CH, (NG) price 0.5 $/kg Ref. [86]2
CO, tax rate 0.07151 $/Kgco, Ref. [87]
Catalyst price 20 $/kg Ref. [84]
Electricity price 0.1 $/kWh Ref. [88]
Operator’s hourly rate 38.11 $/h Ref. [82]
H, price 5 $/kg
Solid C yearly sales 50 %
Solid C price 1 $/kg
Solid C disposal 0.5 $/kg

2 LHV of NG is taken as 13.1 kWh/kg.

1.0bar and 0.12bar at the inlet to 0.32bar and 0.80bar at the outlet.
The partial pressures significantly influence the progression of catalyst
deactivation, as described in Eq. (4).

The CSTR model results an FCI of approximately $172 million, while
the PFR model results in an FCI of approximately $160 million. A
detailed breakdown of the FCI is provided in Figure S.13 of the SI.
The difference mainly comes from the direct costs of the FBR and
compressors. Fig. 6 compares the breakdown of ISBL costs between the
CSTR and PFR models. The higher catalyst flow rate in the CSTR model
leads to a shorter catalyst residence time compared to the PFR model,
resulting in less solid C holdup in the reactor. Reduced solid C holdup

minimizes pressure drop, allowing for a smaller reactor design that
can accommodate a reactor pressure of 1.12 bar, thus lowering reactor
costs. Operating the reactor at higher pressures could potentially reduce
reactor costs, as a larger pressure drop can be tolerated. However, this
cannot yet be studied due to the limitations of the deactivation model
employed in this study, as mentioned previously. Increasing reactor
pressure should be approached cautiously, as higher pressure also
reduces the equilibrium conversion of MP, as shown in Figure S.10 of
the SI. The lower compressors cost for in the PFR model stems from the
higher single-pass CH, conversion achieved by the PFR model—53.10%
compared to 37.57% for the CSTR. The lower conversion in the CSTR
model necessitates more recycling of the unconverted CH, to maintain
the H, production at 100 TPD. As the circulating gas volume increases,
the compressor workload increases, leading to higher electricity costs
as reflected in Fig. 5, and necessitating larger compressors and electric
motors as reflected in Fig. 6.

In this baseline scenario, it is assumed that 50% of the annual solid
C production is sold for $1.0kg™!, while the remaining 50% is disposed
of at a cost of $0.5kg™". The resulting LCOH values are $4.79kg™! for
the CSTR model and $3.89kg™! for the PFR model. These values fall
between the LCOH for SMR, which typically ranges from $2.25 to $3.25
per kilogram of H,, and for green H, produced via water electrolysis
using renewable electricity, which has an LCOH range of $4.90 to
$8.50 per kilogram of H,, as reported by the IEA [89]. Assuming a H,
selling price of $5.0kg™!, the NPV, IRR, and PBT results for the CSTR
model are 20.6 million, 6.8 years, and 0.11, respectively. For the PFR
model, the results are $186 million, 3.4 years, and 0.22, respectively.
Recall that the PFR and CSTR values represent the two extremes of
the expected economic performance. The specific CO, emissions are
3.05 kgco, /kgy, for the CSTR model and 2.78 kgcq,/kgy, for the PFR
model. These emissions are calculated based on the CO, emissions from
CH, combustion for furnace heating and from electricity consumption,
assuming CO, intensity of 0.286 kgco,/kWh for electricity genera-
tion [90]. It is also important to mention the carbon yield of the solid C
byproduct, i.e., the mass ratio between solid C and the metal catalyst,
as this may determine the marketability of the solid C byproduct
or the required post-processing (purification) method. The byproduct
carbon yield from the CSTR model simulation is approximately 54
€c/8ca» While for the PFR model, it is 135 gc/g.,. The following
section, Sensitivity analyses, assess the economic viability of the plant
in alternative conditions, such as different interest rates, CH, prices,
operator hourly rates and reactor operating parameters.
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Fig. 7. Sensitivity of economic parameters on the LCOH of the CMP plant. (a) LCOH probability distribution from Monte Carlo analysis accounting for uncertainties in economic

inputs, yielding a mean, u, of $4.39kg™" and a standard deviation, o, of 0.66. (b) Tornado plot showing the effect of +50% variation in each parameter on the LCOH, with CH,

feed price being the most influential. Shaded regions in both figures represent cost benchmarks for H, from electrolysis via renewable energy (green) and SMR with or without

CCS (blue) [89].

6.2. Sensitivity analyses

6.2.1. Economic parameters

Fig. 7a presents the probability distribution of the LCOH for the
conceptual CMP, based on 1000000 Monte Carlo samples [91]. The
LCOH values presented are based on the TEA of a plant operating with
conditions averaged between the CSTR and PFR model simulations.
The histogram illustrates the distribution of LCOH outcomes resulting
from uncertainties in key economic input parameters, including the
fixed capital cost (ISBL estimation), fixed production cost, interest rate,
project lifetime, CH, feed price, electricity price, catalyst price, oper-
ator hourly rate, and CO, tax rate. The overlaid red curve represents
the probability density function of the fitted distribution. Additional
details on the Monte Carlo sensitivity analysis are provided in the SIL
The analysis results in a mean LCOH of $4.39kg~!, with a standard
deviation of 0.66. These findings suggest that the CMP process is likely
to be more cost-competitive than electrolysis via renewable energy
given the considered economic uncertainties.
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Fig. 7b presents a sensitivity analysis of each of the economic
parameters on the LCOH. The base LCOH for CMP plant operating with
conditions averaged between the two reactor simulations is $4.34 kg_1 .
The analysis identifies the CH, feed price as the most critical factor
influencing LCOH, thus play a pivotal role in determining the economic
viability of CMP for large-scale H, production. The +50% variation
in the CH, price reflects the expected differences in LCOH when the
plant is constructed in different regions worldwide. Fixed capital cost,
fixed production costs and catalyst price exert moderate influence. The
capital cost estimates in this study have an uncertainty of +30% due
to limited cost data and design details. This leads to approximately
6%variation in LCOH, suggesting the estimates are adequate for the
TEA of CMP plants. Fixed production costs are partially estimated
based on operating labor expenses, highlighting the importance of in-
corporating up-to-date assumptions for operator rates to ensure realistic
TEA results that reflect latest labor market conditions. Catalyst price
is another influential factor, underscoring the importance of catalyst
recovery, which will be discussed in a future study.



P.B. Tamarona et al.

Chemical Engineering Journal 522 (2025) 167134

Tax Rate

0% ——

20

15%

— 30%

mmmm PBT

Payback time / [years]

= NPV PR

1200

1000

800

600

400

200

Net present value / [million US$]

8 9
Hydrogen price / [US$-kg~!]

Fig. 8. Relationship between H, price, PBT, and NPV of the CMP plant at varying tax rates (0%, 15%, and 30%). As H, price increases, PBT decreases, and NPV rises. Higher

taxes slightly reduce profitability of the plant.

Fig. 8 illustrates the relationship between the selling price of H,
and the financial feasibility of a CMP plant, as measured by PBT and
NPV at varying tax rates (0%, 15%, and 30%). As H, selling price
increases from $0 to $10 per kilogram, the PBT decreases, indicating
a faster investment recovery, while the NPV rises, indicating greater
profitability. At an H, price of approximately $5.0kg™!, the PBT is
approximately 5 years, with an NPV of around $100 million, suggesting
economic feasibility. Higher H, selling prices further improve the prof-
itability of the plant, with a PBT of approximately one year and an NPV
exceeding $1 billion at $10kg™'. Higher tax rates reduce profitability,
particularly at high H, prices. This plot highlights the dependency of
project feasibility on H, market prices and tax policies. Figure S.14
of the SI presents the NPV as a function of interest rate and project
lifetime, showing that the IRR values for project lifetimes of 10, 20,
and 30 years, respectively.

6.2.2. Solid carbon sales and disposal

Fig. 9 illustrates the LCOH as a function of solid C price, annual
sales percentage, and disposal fees, providing insights into how revenue
from solid C sales and associated disposal costs influence the economic
feasibility of CMP. As the solid C price increases, the LCOH decreases
because the revenue generated offsets H, production costs. This effect
is more pronounced when a larger percentage of the annual solid C
production is sold. The three panels in the figure show different fee
values for disposing the unsold solid C byproduct. As the fees increase
from $0 to $2 per kilogram, the LCOH rises, reflecting the additional
cost burden of sequestering solid C.

In this study, H, is considered the primary product of the plant,
while solid C is treated as a byproduct. Fig. 9 indicates that the CMP
process can achieve LCOH values within or below the SMR range at
relatively low solid C prices—well below the typical price range for
CNTs or CNFs, which can be synthesized using Ni-based catalysts. The
results also show that CMP would not be competitive with SMR if
focused solely for H, production without selling the solid C byproduct,
even in scenarios with zero disposal fees. The NPV plot as a function
of solid C sales and fees, shown in Figure S.15 of the SI, indicates that
achieving a positive NPV requires some revenue from the sales of the
solid C byproduct. Moreover, the solid C can also have environmental
consequences if not sequestered properly. Alternatively, CMP plants can
also be built for the production of advanced nanocarbons as it main
purpose, such as CNTs and CNFs, with the H, taken as a fuel for the
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process or a byproduct sold at minimal cost. This type of CMP plant
would likely operate on a smaller scale, given that the global demand
for nanocarbons is significantly lower than that for H, fuels. This plant
may also required a purification step to remove catalyst residues from
the nanocarbon products. As mentioned previously, the separation of
catalyst and carbon remains an important yet unresolved challenge.
In our ongoing work, we are exploring potential separation methods,
supported by both experimental studies and process modeling.

6.2.3. Reactor temperature

Fig. 10a to d presents the LCOH, reactor single-pass CH, conversion,
catalyst mass flow rate, and flow rate of the recycled CH, as functions
of the reactor temperature, based on the CMP process plant simulations
using the CSTR and PFR models. The simulations were conducted at
reactor temperatures ranging from 550°C to 700°C in increments of
25°C. In both models, the LCOH reaches a minimum at 650°C, as
shown in Fig. 10a, with values of $4.79kg™! for the CSTR and $3.89 kg™!
for the PFR, resulting in an average minimum LCOH of $4.34kg™!. At
temperatures below 650 °C, both reactor models show an increase in
LCOH. This increase can be attributed to the lower single-pass CH,
conversion rates at reduced temperatures, as shown in Fig. 10b, which
necessitate higher capital and operating costs to meet H, production
capacity of 100 TPD. Both CH, conversion and conversion efficiency
improve with increasing temperature. Figure S.16 of the SI shows the
conversion efficiency as a function of temperature. However, above
650°C, the LCOH increases again for both reactor models, particularly
for the CSTR. This is primarily due to the significantly increased cata-
lyst flow rates required to maintain catalyst activity inside the reactor
at elevated temperatures, as shown in Fig. 10c, leading to higher
catalyst costs. Note that the deactivation of the catalysts is caused
by the encapsulation of active catalytic sites with solid C product.
As reaction rates increase with temperature, following the Arrhenius
equation, the formation of solid C accelerates and deactivation is more
pronounced, necessitating faster catalyst replenishment thus increasing
the OPEX.

Recall that the CSTR and PFR models represent the two extremes
of FBR operating conditions. Consequently, the performance of an
actual fluidized bed CMP reactor — such as LCOH, CH, conversion,
and catalyst rate — is expected to fall between the values calculated for
these two models. If mixing is more pronounced, the performance of
the reactor will approach the CSTR values, whereas reduced mixing will
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result in values closer to those of the PFR. The temperature sensitivity
results for LCOH shows that the difference in LCOH between CSTR
and PFR varies with temperature. At lower temperatures, the relatively
small difference in CH, conversion between the two models leads to a
notable discrepancy in the amount of CH, recycled within the plant,
as shown in Fig. 10d, thereby resulting in a similar discrepancy in
production costs. Above 650 °C, the calculated catalyst requirements for
the two models diverge more significantly due to accelerated catalyst
deactivation rates, leading to large differences in the predicted LCOH
values between the CSTR and PFR.

The analysis shows that reaction temperature is a critical reactor
parameter that significantly influence the economic feasibility of CMP.
Operating at the optimal temperature can minimize production costs,
making CMP competitive with green H, production. However, without
additional revenue from solid C sales, the cost of H, from CMP re-
mains significantly higher than conventional SMR, with LCOH ranging
from $2.25 to $3.25 per kilogram [89]. From the discussion, it can
be inferred that the profile of the LCOH-temperature curve is highly
sensitive to electricity and catalyst prices. Figures S.17a and S.17b in
the SI illustrate LCOH as a function of reactor temperature for varying
electricity and catalyst prices.

6.2.4. Catalyst holdup and average deactivation factor

Fig. 11 illustrates the LCOH results as a function of the catalyst de-
activation factor and the catalyst holdup within the reactor. The LCOHs
shown are derived from the TEA of the CMP plant operating with
conditions averaged between the CSTR and PFR model simulations. The
deactivation factor, ranging from 0.55 to 0.95, represents the extent
of average catalyst deactivation inside the reactor. The three curves
correspond to different catalyst holdup scenarios, highlighting how the
amount of catalyst in the reactor impacts production costs at various
levels of catalyst deactivation. As the deactivation factor increases,
catalyst activity improves, leading to higher CH, conversion thereby
enhancing plant efficiency. However, maintaining a high deactivation
factor requires a higher catalyst flow rate into and out of the reactor,
which increases production costs. Figure S.18 of the SI shows the
catalyst flow rate as a function of catalyst holdup and deactivation
factor in the reactor. The conversion gains from a higher deactivation
factor are almost always offset by the cost of the catalyst feed, except
in the case of a 500kg catalyst holdup, where the minimum LCOH is
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reached at a deactivation factor of 0.65. Beyond a deactivation factor
of 0.85, the LCOH rises sharply across all holdup scenarios.

An increase in catalyst holdup substantially reduces the LCOH. A
higher catalyst amount provides more active sites for the reaction,
enabling higher single-pass conversion rates of CH,. This reduces the
amount of unconverted CH, that needs to be recycled, thereby de-
creasing overall energy and processing costs. This improvement offsets
the additional capital costs associated with a larger reactor volume
required to accommodate the increased holdup. The sensitivity analyses
were conducted with catalyst holdup values up to 500kg. For catalyst
holdup exceeding 500 kg, the CSTR simulations failed to converge. This
occurs because the large catalyst holdup leads to elevated H, concentra-
tions in the reactor. In this condition, backward MP reaction becomes
more profound, preventing any observable catalyst deactivation and
hindering numerical convergence.

6.2.5. Plant capacity

Fig. 12 presents the LCOH results for CMP plant operating with
conditions averaged between the two reactor simulations across a range
of capacities from 12.5 to 800 TPD. The chart provides the breakdown
of the LCOH, highlighting the contributions from various levelized cost
components (i.e., the discounted costs per kilogram of discounted H,
produced), including utilities, raw materials, CO, tax, CAPEX, fixed
production costs, and revenue from solid C sales. The LCOH decreases
significantly as plant capacity increases, particularly in the range from
12.5 to 200 TPD. This trend highlights the presence of economies of
scale, where larger production capacities lead to lower specific costs.
Beyond 200 TPD, the reduction in LCOH continues, albeit at a much
slower pace, suggesting that the most substantial cost benefits are
realized at lower to mid-range capacities.

The primary drivers of cost improvement with increasing plant ca-
pacity are the reductions in levelized fixed production costs and CAPEX.
In this study, the fixed production costs are estimated based on plant
operating labor and capital costs. Labor costs are highly dependent on
the number of operators hired, which is estimated using Eq. (18). Since
the total number of process equipment varies only slightly across plant
capacities — only the size of the equipment changing significantly —
there is a notable improvement in fixed production costs per kilogram
of H, as the capacity increases. In practice, the labor costs for smaller
plants (<25 TPD) could potentially be reduced by assigning operators to
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manage multiple components. However, this prediction would require
a more detailed plant engineering design to validate. The reduction in
levelized CAPEX reflects the economies of scale associated with the
cost of the plant itself. In the existing literature, CAPEX estimation
models for any type of CMP plants are scarce. This study uses the
FCI estimations for CMP plants across various capacities to develop a
capital cost curve, formulated as follows:

C= % x §"=mS", (26)
0
where C is the FCI of the plant, S is the plant capacity, m is the cost
curve constant, and n is the cost exponent. By fitting the average FCI
results from CMP plant simulations using CSTR and PFR reactor models
to this equation, the cost curve constant, m, is determined to be $3.73
million and the cost exponent, n, is found to be 0.821. The curve is
illustrated in Figure S.19 of the SI. This cost curve is suitable for making
order-of-magnitude (“Class 5”) estimates of CMP plant costs [58].
The costs associated with utilities, raw materials, and CO, tax
remain relatively constant across the range of plant capacities. This
stability can be attributed to the nature of these costs. Utilities, such
as electricity and cooling water, scale directly with the gas flows in the
plant, which are proportional to H, production. Similarly, raw materi-
als, primarily the CH, feedstock, scale directly with output, resulting in
a consistent cost per kilogram of H,. The CO, tax is also linear, as the
amount of fuel combusted for reactor heating increases with capacity.
To reduced these costs, the overall efficiency of the plant needs to be
improved. This can be achieved by improving equipment efficiency,
optimizing heat integration, and minimizing entropy production.

6.3. Heating methods and CCS

Fig. 13 presents the LCOH and specific CO, emissions from a CMP
plant operating with conditions averaged between the CSTR and PFR
model simulations in different reactor heating scenarios. The reactor
heating methods considered include CH, combustion with and without
CCS, H, combustion, and electric heating powered by grid electricity.
The efficiency of the furnace is 0.85 for fuel combustion and 0.90 for
electric heating. The capital and operating costs for carbon capture
are estimated based on the IEA 2023 CCUS report, which provides
a levelized cost of CO, capture of approximately $O.085/kgC02 [92].
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The analysis shows that the specific CO, emissions from CMP are
lower than those from SMR (10.1-17.2 kg CO,/kg H,) and com-
parable to those from renewable-powered water electrolysis (0.5-2.5
kgCO,/kgH,) [93].

Across all scenarios, H, combustion yields the highest LCOH and
the second lowest CO, emissions. The increased cost is primarily at-
tributed to the higher CH, feed and recycling requirement, to produce
H, fuel for heating, in addition to the 100 TPD of H, required for
plant production. This has cost implication on both OPEX and CAPEX.
Furthermore, the increased gas circulation within the plant necessitates
higher power consumption for compressors. As the electricity required
to operate these compressors is assumed to be sourced from the grid,
with a CO, intensity of 0.286 kgco, /kWh [90], this further contributes
to the overall CO, emissions of the plant. Electric heating also results
in high CO, emissions if the electricity source is coming from the
same grid. For electric heating to be more environmentally sustainable
than alternative heating methods, it would need to be entirely pow-
ered by renewable energy sources. Additionally, the purchase cost of
electric heaters is higher compared to fired heaters, which significantly
increases the overall levelized cost of the plant. Heating with CH,
combustion, both with and without CCS, incurs similar costs, as the
capital and operating costs associated with CCS are nearly equivalent
to the carbon tax that would be paid in the absence of CCS. The analysis
shows that only heating with CH, combustion results in a positive NPV
with a H, selling price of $5kg™". In conclusion, the most cost-effective
and low-emission solution would be to utilize CH, combustion with
CCS for heating the reactor.

Conclusions and recommendations

This study presents an economic assessment of CMP with Ni-based
catalyst in FBR, highlighting its potential as a sustainable H, produc-
tion technology. The developed plant modeling framework integrates
reactor modeling and plant-scale simulations, capturing the interplay
between reaction kinetics and catalyst deactivation. Using two reac-
tor models, based on ideal CSTR and PFR, this work captured the
operational extremes of CMP in fluidized beds and predicted of the
corresponding economic limits. CMP offers a competitive pathway for
H, production, with an LCOH ranging from $3.89 to $4.79 per kilogram
in the baseline scenario. Monte Carlo sensitivity analysis, capturing un-
certainties in economic parameters, yields a mean LCOH of $4.39kg™!
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with a standard deviation of 0.66. While generally more expensive than
SMR, CMP has lower emissions and remains a lower-cost alternative
to water electrolysis using renewable energy. Reactor performance,
particularly CH, conversion and catalyst deactivation, significantly
influences economic outcomes. The minimum LCOH is achieved at a
reactor temperature of 650°C, which balance the reactor conversion
and catalyst costs. The plant capacity sensitivity analysis shows sub-
stantial cost reductions as capacity increases. Revenue from the solid
C byproduct could offset H, production costs, potentially making CMP
economically superior to SMR. If solid C cannot be sold, sequestration
costs may challenge the feasibility of CMP. Further research should
focus on developing CMP catalysts with improved resistance to high-
temperature deactivation can enable higher conversion rates with lower
catalyst requirements. The catalyst should also be developed with an
emphasis on cost-effectiveness, as its price plays a crucial role in
the economic feasibility of CMP. Expanding kinetic and deactivation
experiments across a broader range of temperatures and pressures will
lead to more robust models and more reliable economic predictions. As
mentioned previously, the models in this study were extended beyond
the validated temperature range in the simulations. This may have
introduced inaccuracies, as CMP can exhibit different mechanisms and
kinetics across temperature regimes [94]. Experiments should also be
carried out using industrial CH, feedstocks to capture the influence of
contaminants and other hydrocarbons on reaction and catalyst deacti-
vation. Future studies should also prioritize carbon—catalyst separation
to enable solid carbon purification and valorization, alongside catalyst
recycling and regeneration. This should involve a comprehensive life-
cycle assessment and solid C market analysis to evaluate the overall
sustainability of the process and ensure that the carbon product meets
commercial specifications. This would allow assessment of the potential
of CMP for producing advanced nanocarbons as primary products in
place of H,.
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