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Summary 

This final report is the result of the collective design project which is part of the post-MSc 
study of chemical design engineering at the Delft University of Technology. In this report the 
design of the Interconnected Fluidized Bed pilot plant is presented. This pilot plant is 
designed for the regenerative desulphurization of simulation gases containing S02 with the 
sorbent SGC-500. In the pilot plant it is also possible to bum small quantities of coal. The 
modifications to the pilot plant to use the plant for H2S removal with a sorbent of MnO on 
yAl20 3, are indicated. 

Very large amounts of nitrogen are needed in the pilot plant, as it is used as the main 
fluidization gas. Therefore N2 will be supplied from a large storage vessel. Air will be 
supplied by the local pressurized air system while all other gases (S02' H2' CO) are supplied 
from gas cylinders. A wide range of gas flows and compositions are possible. The fluidization 
gas flows (nitrogen, air) will be heated up electrically byelements directly placed in these 
flows. The solids supply system can feed small quantities of coal or sand (which is used for 
segregation experiments) to the reactor. 

The dimensions of the reactor have been chosen based on model calculations. Sizes have been 
given for the bed areas and bed heightS and for the orifice diameter and orifice heights. It is 
possible to dismantle the reactor so th at the we ir heights and the orifice diameters can be 
changed. The reactor and the downstream equipment will be constructed of a material which 
is resistant to the different environments (sulphurous, reducing, oxidizing) and high 
temperatures. The gas distributors ensure uniformly fluidized beds. The reactor will be 
provided with a electrical heating jacket for extra heat input. There are sampling points for 
both gases and solids in the reactor. A freeboard is used to allow return of entrained particles 
to the fluidized bed. 

In the off-gas treatment section both dust and hazardous and environmental harmful 
components are removed. In this section first dust will be removed with acyclone. The 
combustible components (H2S, S2' H2' CO) will be converted at high temperature which is 
reached by buming of natura I gas. In a CaO-bed the S02 will be removed. Af ter cooling of 
the gases removal of fine dust is possible with a bag filter. 

The process control mechanisms will ensure a safe and stabie operation of the pilot plant. The 
safety measures needed for the operation of the pilot plant are presented. The investment costs 
of the pilot plant are estimated at Dfl. 180,000.-. The operating costs are Dfl. 34.- per hour 
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Chapter One: Introduction 

The use of coal as an energy source has become more attractive again, as the available 
sources of natural gas and oil are diminishing fast. The remaining resources of coal are 
sufticient for at least the next three hundred years at the present level of consumption, 
while the sources of natural gas and oil will be exhausted within 60 and 40 years 
respectively. However the use of coal as an energy source causes more environmental 
problems than gas or oil. Relative more CO2 is produced than with natura I gas or oil. CO2 
is the main component contributing to the greenhouse effect. Also the sulphur content of 
coal and consequently the emission of S02 during the combustion of coal is high. 

Two relative new ways to use coal as a source for electricity production are fIuidized bed 
coal combustion and coal gasification. Fluidized Bed Combustion (FBC) has several 
advantages compared to other coal combustion techniques. The combustion temperature is 
low, 850°C, so less NOx is formed due to oxidation of N2 from the air. This reduces the 
total NOx emission with about 50 %. Also the SOx emissions can be reduced by adding a 
sorbent in situ in the combustor. At present limestone is used as a sorbent. It is cheap, but 
difficult to regenerate, so a lot of solid waste is produced. A new regenerative sorbent, 
Cao on a carrier of y-Al20 3 has been developed at Delft Unlversity of Technology. This 
sorbent can capture S02 at the conditions of coal combustion in a fIuidized bed, according 
to the reaction: 

The sulphur loaded sorbent is regenerated at the same temperature in a separate bed with 
H2 or CO: 

At this temperature also CaS can be produced in the regeneration: 

The production of CaS is undesired as it reduces the regeneration efficiency. When the 
regeneration yields an off-gas with over 4 v% SOx' the off-gas can be used to produce 
sulphur or sulphuric acid. 

In a coal gasifier coal is gasified with oxygen and steam to produce a fuel gas with CO 
and H2 as the ma in components. The sulphur from the coal is present as H2S. The fuel gas 
can be combusted at a high temperature. Because of the higher combustion temperature 
the efficiency of a coal gasifier is higher than of a modem coal combustion plant. Before 
the fuel gas is combusted, the H2S in the gas has to be removed. The reasons for removing 
H2S before the combustion are: 
- the volume of the fuel gases is lower. The sulphur can be removed easier and more 
concentrated. 
- protection of the downstream equipment. 
Several methods are available for desulphurization at low temperature. However these 
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Figure 1.1: Principle of an Interconnected Fluidized Bed (IFB) 



methods make the process complicated. Many steps are necessary and the temperature 
changes are high. H2S removal at high temperature is advantageous because the equipment 
is simplier and the overall efficiency of the coal gasifier is improved. 

Two types of fuel gases are distinguished, 'wet' and 'dry' fuel gas. For 'dry' fuel gases 
the oxides MnO and FeO on y-A120 3 can be used as sorbent. The sulphation rates are high 
but the capacity is rather low. These sorbents were investigated at the TU Delft. It was 
shown that the following reaction is reversibie: 

with Me = Fe or Mn 

This means that these sorbents can be regenerated with steam. As regeneration product 
H2S is formed what can be used to produce elemental sulphur. The experimental work 
with these sorbents was done in a fixed bed reactor, but this process can also be done in a 
fluidized bed. Advantage of a fluidized bed is that continuous operation is possible, 
disadvantage is that a fluidized bed is better mixed and therefore the H2S retention is 
lower. 

For both processes, the fluidized bed combustor and the desulphurization step in a coal 
gasifier two fluidized beds are necessary: a combustion or desulphurization bed and a 
regeneration bed. The sorbent particles have to be transported from the combustion or 
desulphurization bed to the regeneration bed and back. In pneumatic conveyance through 
tubes particles will have a high velocity (10-20 mis). Collisions with the walls will lead to 
particle breakage, what should be avoided. An elegant solution is the Interconnected 
Fluidized Bed (IFB) system. The basis of the IFB is shown in figure 1.1. The system 
consists of four different beds, which can be operated independently with four different 
gases and gas velocities. When two beds are separated by a weir and have different gas 
velocities, particles of the bed with the higher gas velocity will fall over the weir into the 
bed with the lower gas velocity . When there is an orifice at the bottom of a separating 
wall between two beds, solids and gas will flow through this orifice from the bed with the 
lower gas velocity and higher bed density (dense bed) to the bed with the higher gas 
velocity and lower bed density (lean bed). In the system of figure 1.1 there are weirs 
between bed 1 and 2 and between bed 3 and 4, and there are orifices between bed 2 and 3 
and between bed 4 and 1. The gas flows from bed 1 and 2 come together above the weir, 
just as the gas flows from bed 3 and 4. When bed 1 and 3 are fluidized with a high 
velocity and bed 2 and 4 with a low gas velocity, solids will flow from bed lover the 
weir to bed 2, from bed 2 through the orifice to bed 3, from bed 3 over the we ir to bed 4 
and from bed 4 through the orifice to bed 1. Bed 1 is used as combustion or 
desulphurization bed, while bed 3 is used as regeneration bed. The oxidizing environment 
of bed 1 is th us separated from the reducing environment of bed 3. Pneuma tic conveyance 
is avoided and only fluidized bed attrition and some attrition in the orifices will occur. In 
case of coal combustion bed 2 can be used to separate the ash, which remains after coal 
combustion, from the sorbent particles by segregation. Bed 4 is used to control the solids 
flow through the system. In this bed the gas velocity is below the minimum fluidization 
velocity, so the bed is defluidized. The downward solids flow in this bed is determined by 
the friction forces between particles and the wall. When the gas velocity is increased the 
friction forces are reduced and the solids flow will increase. 
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Research has already been done with a cold flow IFB. A new IFB pilot plant will be built 
in which both described processes will be investigated at the appropriate temperatures. The 
S02 retention in fluidized bed combustion will be simulated by using a feed gas containing 
S02 and O2, The fuel gases from a coal gasifier will be simulated by a feed gas containing 
H2S, CO and H2• This report discusses the design of the new pilot plant. In Chapter Two 
flrst the purposes for which the pilot plant will be built, the requirements the pilot plant 
must meet and the operating conditions will be discussed. In Chapter Three a summary is 
given of the results of the preliminary design of a commercial 100 MW power plant, using 
fluidized bed combustion of coal and IFB technology. In Chapter Four the set-up of the 
pilot plant is introduced. The pilot plant set-up is divided in a reactor section, a supply 
section, a sampling section and an off-gas treatment section. Each section is discussed in a 
separate chapter. In Chapter Nine the control aspects of the plant are discussed and in 
Chapter Ten some of the safety aspects. In Chapter Eleven an estimation of the investment 
and the operating COSts of the pilot plant is given. 
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Chapter Two: Basis of design of the pilot plant 

2.1 Purposes of the design 

A pilot plant can be built for several reasons. In the case of research of new processes in 
new installations the purposes are: 

research on the process itself, determination of the regime and obtaining mIes for 
scale-up 
research on suitable constmction materials 
research on accumulation characteristics 
research on the dynamic behaviour of the process 
process demonstration 
making a process description 

The specific research goals for this pilot plant are: 

research on the retention of S02 by a regenerative sorbent of CaO on y-AI20 3• 

research on the retention of H2S by a regenerative sorbent of MnO on y-AI20 3• 

research on the influence of coal combustion on the retention of S02 by a 
regenerative sorbent of CaO on y-Al20 3• 

research on the segregation of coal ash or sand and the sorbent. . 
research on attrition of both sorbents. 
research on the operation of an IFB system (control of the sorbent flow through the 
IFB). 

2.2 Requirements on the pilot plant 

To be able to satisfy the purposes, the pilot plant should meet a number of requirements. 
The following were selected: 

The pilot plant should be suitable for the regenerative desulphurization of 
simulation gases containing S02 and H2S. Also it must be possible to bum small 
quantities of coal in bed 1. 
Variation of the operation conditions (temperature, pres su re, gas flows and gas 
compositions) in a wide range must be possible. 
An undisturbed and variabie supply of feed materials (gases and solids) and a 
suitable discharge of the products must be possible. 
Sampling of the gas phase and the solid phase in the reactor must be possible, 
without disturbing the process. 
There must be pressure and temperature measuring points in the reactor. 
The pilot plant should be made of suitable materiais. 
The reactor should be as flexible as possible. For example the weirs and the 
orifices should be adjustable. 
The hold-up of the equipment should be low, so that the stationary state is quickly 
reached. 
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The process must be carried out in a safe and stabie way. 
The off-gases should be cleaned, the dust from the fluidized bed and the hazardous 
or environmental harmful components should be removed. 

2.3 Desired range of operating conditions 

One of the most important requirements is a wide range of operating conditions in the 
pilot plant. The range of operating conditions are quite different for the two different 
processes, so they will be discussed separately. 

SOz retention 

The operating temperature in fluidized bed coal combustion is about 850°C. The 
temperature in the reactor must be variabie around this temperature, up to about 1000 °C. 
The pressure in the reactor should be somewhat higher than atmospheric, to supply the 
pressure drop over the off-gas treatment equipment. The pressure in the reactor will 
therefore range from 1.1 to 1.5 bar. 
The gas velocities in the reactor depend on the minimal fluidization velocity of the 
sorbent. The sorbent for S02 retention has a minima I fluidization velocity of 0.65 mis at 
850 oe. The fluidization velocity in bed 1 and 3 should be considerably higher than the 
minimal fluidization velocity, while the gas velocity in bed 2 and 4 should be under or 
just above the minimum fluidization velocity. The ranges in which the gas velocities will 
be varied in the different beds, are shown in table 2.1. 

Table 2.1: Ranges of the gas velocities for the S02 process. 

Bed Range of the gas velocities (lUI';) 

#1 1-2 

#2 0.4-1 

#3 1-2 

#4 0.2-1 

The concentration of S02 in the feed gas should be about the same as the concentration in 
the bed during the combustion of coai. When coal with a low sulphur content is chosen, 
for example Polish-5 (0.75 weight % S), the concentration of S02 in the off-gas at 
stoichiometrie combustion is about 700 ppm. The feed gas should also contain some O2, as 
in a real combustor also O2 is present and it is needed for the sulphation of the sorbent. 
The concentration of H2 or CO in the feed gas to bed 3 should be high enough for 
complete regeneration of the sorbent. The range of the gas compositions of the feed gases 
is shown in table 2.2. 
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Table 2.2: Ranges of the gas compositions of the feed gases for the S02 process. 

gas bed #1 bed #2 bed #3 bed #4 

S02 (ppm) 300-1300 - - -

02 (v%) 1-5 - - -
H2 (v%) - - 0.5-5 -
CO (v%) - - 0.5-5 -
N2 (v%) balance 100 balance 100 

The optimal working temperature of the sorbent for the H2S process is 600 oe, so the 
temperature in the reactor must be variabie around this temperature. The pressure variation 
in the reactor is the same as for the S02 process. The size of the sorbent particles can be 
chosen freely. Here is chosen for the same size as used in the experiments do ne until now 
(0.4 mm). The minimum fluidization velocity of the sorbent is 5.1 cm/s. The range of the 
gas velocities are shown in table 2.3. 

Table 2.3: Range of gas velocities for the H2S process. 

bed range of gas velocities (mis) 

#1 0.10-0.50 

#2 0.02-0.10 

#3 0.10-0.50 

#4 0.01-0.10 

The gas composition of the feed gas to bed 1 should be around the gas compositon of the 
fuel gas of a Shell coal gasifier. The gas composition of a Shell coal gasifier and the 
range for the feed gases chosen for the pilot plant are shown in table 2.4. 
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Table 2.4: Range of the gas composition of the feed gases for the H2S process. 

I gas I Shell process I bed #1 I bed #2 I bed #3 I bed #4 I 
H2S (v%) 0.3 0-1 - - -
CO (v%) 64 0-70 - - -
H2 (v%) 32 0-40 - - -
CO2 (v%) 1 0-5 - - -
H20 (v%) 1.5 0-5 - 10-90 -

N2 (v%) 0.7 balance 100 balance 100 
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Chapter Three: Preliminary design of a 100 MW power plant and downsealing 

The scale-up of a new process from laboratory to commercial scale can be do ne in several 
ways. One is to work in small steps from small to large scale: laboratory scale, bench 
scale, pilot plant, test plant, commercial plant. This way of working is expensive and time 
consuming. The progress in chemical engineering has made it possible to make models 
with sufficient predicting value to design commercial plants on paper in one step from 
laboratory scale to commercial scale. This preliminary design can then be studied to see 
which details of the design need further investigation on a smaller scale in a pilot plant. 
This is called downscaling. 

In scale-up and downscaling techniques like dimension and regime analysis can be useful. 
In dimension analysis process quantities are joined together to form dimensionless groups 
like Reynolds, Froude and Fourier. These groups should have about the same value for the 
small and large scale plant. Often it is impossible to keep all dimensionless groups 
constant on small and large scale. Therefore it is necessary to analyze which 
dimensionless groups are really important. This is called regime analysis. A problem is 
that the regimes on small and large scale can be different. This is especially true for 
fluidized beds, in which mixing and mass and heat transfer strongly depends on the rising 
gas bubbles or slugs. A not unusual approach in the scale-up of fluidized beds is to 
investigate the hydrodynamics first in a cold model. 

Van Hout and van Keep (1992) made a preliminary design of a 100 MW power plant, 
based on coal combustion with regenerative S02 removal in an IFB. Their work was 
continued by Dekker and Eyssen (1992), who also did some work on downscaling. Their 
results will be summarized here. 

For the design of the coal combustor the following assumptions were made: 

the fuel is Polish-5 coal 
the coal is combusted with air 
the coal is completely combusted in bed 1 
the thermal yield of the plant is 39 %. 
the bed temperature is 850°C 
the maximum bed height is 4 m 
the sorbent for S02 removal is SGC-500 
the maximum SOx emission is 700 mg/m3 

the maximum NOx emission is 100 mg/m3 

the maximum dust emission is 20 mg/m3 

The necessary amount of coal was calculated from the desired power and the thermal 
yield. When the coal flow is known, the product of the area of bed 1 and the superficial 
gas velocity in bed 1 is fixed by the amount of oxygen needed for the combustion. The 
product of the area of bed 3 and the superficial gas velocity in bed 3 is fixed by the 
amount of hydrogen needed for the regeneration. When values for the superficial gas 
velocities are chosen the areas of bed 1 and 3 can be calculated. The area of bed 2 is fixed 
by assuming that a certain solids residence time is needed to allow segregation of ash and 
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sorbent. The area of bed 4 should be chosen as small as possible. 
The following results for the dimensions of the reactor were obtained: 

Table 3.1: Dimensions of the reactor of a 100 MW power plant 

bed 1 bed 2 bed 3 bed 4 

H (m) 4 3.9 4 3.5 

A (m2
) 96 2 2.6 2 

u (mis) 3 0.8 1.56 0.63 

'tsb (s) 26809 780 849 700 

For the calculation of the S02 retention the model described in Appendix 1 was used. The 
S02 and NOx emissions were found to be far below the allowed values with the chosen 
bed height. A regeneration gas with 4 mol % S02 was obtained. However this gas is 
mixed with the gas es from bed 4 so the final obtained S02 concentration will be lower. 

Downscaling 

By dimension analysis Dekker and Eyssen (1992) found dimensionless numbers. However 
they found it impossible to keep all these numbers constant for the large scale plant and 
the pilot plant. As they choose to keep the ratio of the areas of bed 1 and 3 and the 
height/diameter ratio constant no reasonable dimensions for the pilot plant were found. 
However some conclusions can be drawn from their design. It is clear that a regeneration 
gas with a high S02 concentration can only be obtained by a high ratio of the flows 
through bed 1 and bed 3. This ratio is ab out 70 in their design. The area of bed 1 is much 
larger than the area of bed 3. For the pilot plant can be concluded that the ratio of the 
areas should be as high as possible. Other important parameters are the height/diameter 
ratio and the gas residence time, which preferably should be the same. In Chapter Five 
these parameters are discussed in the section about the choice of the dimensions of the 
reactor of the pilot plant. 
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Chapter Four: Set-up of the pilot plant 

The pilot plant will be used for both the H2S and the S02 process. In the past most 
research has been done on the retention and regeneration of S02 in fluidized beds, whereas 
the H2S process hasn't been tested before in fluidized beds. The pilot plant will first be 
used for research on the S02 process. For this process the sorbent SGC-500 will be used. 
A storage of 500 kg of this sorbent is already available. The ave rage particle size of this 
sorbent is 2.5-3 mm, its measured minimum fluidization velocity 0.65 m. High gas flows 
are therefore necessary to operate the IFB. 

When the same gas flows would be used for the H2S process, the costs for these gases 
will be very high. The fuel gas obtained from a coal gasifier contains a lot of CO and H2' 
compared to N2 expensive gases. Adding even a small amount of CO to the simulation 
gas, will increase the costs of the gases enormously. When a lower particle size is chosen 
smaller gas flows are needed. Using smaller gas flows will involve a number of changes 
to the pilot plant. 

The pilot plant discussed in the next chapters is designed for the S02 process. The changes 
which are necessary to adjust the pilot plant to the H2S process when smaller gas flows 
are used, will be discussed in Appendix 13. 

4.2 Flowsheet of the pilot plant 

In figure 4.1 the flowsheet of the pilot plant is shown. The pilot plant can be divided in 
four sections: supply section, reactor section, sampling and analyzing section (not shown 
in the flowsheet) and off-gas treatment section. 

Large amounts of N2 and air are needed. N2 is supplied from a large tank, while air is 
supplied from the local pressurized air system. All the other gases are supplied from gas 
bottles. The pressure of the gases is reduced to the desired value by pressure reducers. The 
nitrogen and air flows are preheated. The flow of each gas is separately adjusted by mass 
flow controllers. To each bed in the reactor a separate gas flow is supplied. To bed 1 N2, 
S02' and air can be supplied, to bed 2 only N2, to bed 3 N2, H2 or CO and to bed 4 N2. 
For measurements of the gas leaks through the orifices in the gases, there is the possibility 
to supply a tracer gas to each bed. 

The reactor section consists of the gas distributor, the reactor part itself and a freeboard. 
The reactor is heated electrically. The sampling points for the gas and the solids, the 
temperature and pressure measuring points and the solids feed system for feeding sand or 
coal to the reactor are not shown in th is flowsheet. Only the sampling section is discussed 
in this report. The design of the analyzing section itself and the choice of the tracer gas 
depends on the analyzing equipment chosen, and is not included in this design. 

In most fluidized bed set-ups built in the 'Proeffabriek' until now, only dust was removed 
from the off-gases. In this design it has been chosen to remove also the hazardous 
compone~ts, like H2S, S02 and CO from the gases. Behind the reactor a cyclone is placed 
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to remove most of the dust from the fluidized bed. Blockage of the off-gas treatment 
equipment by dust is thus prevented. All combustibie components (CO, H2' S2 and H2S) 
will then be converted to CO2, H20 and S02. Natural gas is bumed with air to provide a 
temperature high enough to ensure convers ion of all combustibie components. Tbe gases 
are then led through a bed of limestone or spent sorbent to remove the S02 from the gas 
flow. Tbe temperature drop of the gas flow through the freeboard and the cyclone will be 
about 100 °C. Tbe temperature will then increase again due to the buming of natura I gas 
to 900 °C. Because of the high temperatures, the part of the set-up from the gas preheating 
to the CaO-bed should be weIl insulated. The gases leaving the CaO-bed are blown off 
through the roof. If required the gases should be cooled down af ter the CaO-bed and fine 
dust be removed by a bag filter. 

In the next Chapters these sections will be discussed in detail. 
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Chapter Five: Design of the reactor section. 

5.1 Choice of the reactor dimensions. 

Bed areas 

As discussed in Chapter 3 in a commercial plant the ratio of the areas of bed 1 and 3 was 
chosen high to obtain a regeneration off-gas with a high concentration of S02. Also for the 
pilot plant a high ratio is desired. To make the ratio of the areas of bed 1 and 3 as high as 
possible, bed 3 should be small. The minimal dimensions of bed 3 are given by the 
particle size of the used sorbent material. Wall effects play an important role when the 
ratio bed diameter/particle diameter is smalI. To make the effect of the wall sufficiently 
smalI, th is ratio must have a minimum value of 20 (Sie, 1992). The sorbent that will be 
used in the IFB (SGC-500) has a mean particle size of 2.5 mmo Therefore the minimal 
dimensions of bed 3 must be 50* 50 mmo The dimensions of bed 3 were chosen to be 
60*60 mm, to leave some more space for the orifice construction. The choice of the 
dimensions of bed 1 were determined by two considerations, the ratio of the areas of bed 
1 and 3 should be as high as possible, but the costs of the gases should be reasonable. A 
bed size of 140*140 mm was chosen. At th is size the costs of the gases viere found to be 
reasonable. The ratio however is considerable lower than in the design of the large scale 
plant. This means that in the pilot plant a lower H2 concentration in the feed gas of bed 3 
has to be used and a lower S02 concentration will be obtained in the off-gas. For the total 
configuration a square of 200*200 mm was chosen. The dimensions of all beds are given 
in tab Ie 5.1. 

Table 5.1: Dimensions of the four beds in the reactor 

I bed I dimensions (mm) I area (m2
) I 

1 140'*140 0.0196 

2 60*140 0.0084 

3 60*60 0.0036 

4 60*140 0.0084 

totaal 200*200 0.0400 

Bed height 

When we look at the choice of the height of the reactor we should consider several points: 
the height/diameter ratio, the gas residence time, the solids circulation time and the solids 
and gas flows through the orifices. 

When the height/diameter ratio in the pilot plant and in the large scale plant differ 
substantially, the fluidization regime be different. Because a very small diameter is chosen 
for bed ~, the fluidization regime will not longer be slugging when a very high bed is 
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chosen. In the design of a large scale plant the height/diameter ratio for bed 3 is about 2.5. 
When the same ratio is applied in the pilot plant, the height should be 0.15 m. 

The fluidization veloeities in the pilot plant are the same as in the large scale plant as the 
same sorbent is used. When the height of the bed is lower than in the design of the large 
scale plant, the gas residence time will be lower. In figure 5.1 the influence of the bed 
height on the oudet S02 concentration in bed 1 and the S02 retention is shown. The 
calculations were done with a MathCad 2.5 computer program based on the mode Is 
discussed in Appendix 1. The norm laid down by legal regulations for eoal combustion 
plants is an outlet S02 concentration of 215 ppm. For the pilot plant however it is not 
necessary to meet this norm, it is sufficient to obtain a eonsiderable convers ion so that the 
outlet coneentrations can be measured accurately. We see that even at low bed heights a 
considerable retention is obtained. 

As it takes 3 to 5 times the solids circulation time before the IFB can be assumed to be 
stabie, the cireulation time may not be too high. The circulation time depends on the 
solids flow through the IFB and the bed height. The circulation time increases Iinearly 
with the bed height, if all other input variables are kept constant. Figure 5.2 shows the 
influenee of the bed height on the cireulation time at a solids flow of 2 gis. At a bed 
height of 0.3 m the circulation time is about 60 minutes, so it would take about 3 to 5 
hours for the IFB to become stabie. 

In figure 5.3 the solids flow and relative gas leak through the orifiee between bed 2 and 
bed 3 are shown as a function of the bed height and the orifiee diameter. The simulation 
was done with a program based on the model for calculating the solids flow and the gas 
leak through an orifice, which is given in Appendix 5. The relative gas leak is defined as 
the gas flow through the orifiee divided by the gas flow through bed 2. The solids flow 
inereases with the square root of the bed height. The relative gas leak increases linearly 
with the bed height. We ean eonclude from this picture that the bed height should be as 
low as possible, because when the diameter of the orifice is 15 mm the solids flow is high 
enough, while the relative gas leak should be kept as low as possible. The bed height 
should not be higher than 0.6 m. 

Based on these considerations a bed height of 0.3 m was chosen. In the reactor there will 
be space for extending the bed height to maximal 0.6 m. 

Orifice diameter 

Model ealculations showed that the needed sorbent flow through the reactor will be 
between 0.5 and 5 gis for the S02 process. From figure 5.3 it can be concluded that an 
orifice diameter of 15 mm is large enough to allow these solids flows, although the gas 
leaks can, depending upon the bed height, be eonsiderable. Orifices with a different shape 
may be used to reduee the gas leaks. These kinds of orifices can first be investigated in 
the cold model IFB. 
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Orifice height 

The centre of the orifice between bed 1 and 4 is located at 0.03 m above the gas 
distributor to leave 'some space for ' changing the orifice. The orifiee between bed 2 and 
bed 3 should be located higher. Bed 2 is used for the segregation of ash and sorbent or of 
sand and sorbent (when sand is used to simulate ash), so the bottom layer of the bed will 
consist of ash or sand. The ash should be removed at the bottom while only sorbent 
should go through the orifiee. When the maximum flow of sand is 0.1 gis the maximum 
height of the sand layer as calculated with the models in Appendix 4 is about 0.02 m. The 
height of this orifiee is chosen to be twiee the maximum height of the sand layer higher 
than the other orifiee. The centre of this orifiee is then located at 0.07 m above the gas 
distributor plate. 

5.2 Construction of the reactor. 

The reactor material must meet a lot of requirements. The material should be resistant to 
oxidizing, reducing and sulphurous environments at a high temperature. The material 
should also suitable for welding and screwing. A material that can meet all these 
requirements is the alloy Haynes HR-120. This material has been chosen. 

The minimum wall thickness of the reactor can be calculated with: 

P.D 
t = +c 
w 2.o,.E 

5.1 

with: 
lw = wall thickness (m) 
P = design pressure = 3.1OS Pa 
D = diameter reactor = 0.2 m 
crt = yield strength of the material at 870 oe = 185 MPa 
E = welding factor = 0.7 
c = corrosion factor = 0.002 m 

The calculated minimum wall thickness is 2.3 mmo However the wall thickness should be 
much thicker to allow welding and screwing of the reactor parts. A wall thickness of 6 
mm has therefore been chosen. 

A drawing of the reactor is shown in figure 5.4. The separating wall between bed 1 and 2 
on one side and bed 3 and 4 on the other side is the basis of the reactor. This wall should 
be made of one pieee from the bottom to the top of the reactor to separate the oxidizing 
environment of bed 1 and the reducing environment of bed 3. At the bottom of this wall 
the orifices are made. The weir between bed 1 and 2 and the weir between bed 3 and 4 
are welded to this wall. These weirs should have a height of 0.3 m. The side walls of the 
reactor should be removable as to be able to change the orifice diameter. Four different 
parts are made and connected to the separating wall and the weirs with screws. These 
parts are 0.6 m high as to allow a maximum bed height of 0.6 m. At the top they are 
connected to the freeboard. A grafite seal (Grafoil) can be used. At the top of the 
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freeboard the gas outlets are connected. In the freeboard there are also holes to be able to 
supply fresh sorbent at the beginning of an experiment. 

The size of the orifices should be easily variabie. The orifice diameter should range from 
10 to 40 mmo The following construction is suggested. In the separating wall a hole is 
made of 46 mmo In this hole rings with different innerside holes can be connected. The 
rings can be connected in two different ways: 
- with a high temperature glue (Gluecon 1000). The glue holels the ring in the hole at high 
temperatures, but the ring can be removed at low temperatures. 
- with a grafite seal (Grafoil) or a metallic seal (Inconel) (see figure 5.5). 
The first solution is preferred, as it is the easiest one. 

5.3 Reactor heating and insulation 

The gas flow will be preheated up to the desired temperature. In the stationary state this is 
sufficient to keep the temperature in the reactor at the desired value. At the start-up 
however the reactor should be heated up. This is not possible only by the gas flow. 
Additional reactor heating is needed. In Appendix 6 calculations are done conceming the 
heating up of the reactor. These calculations show that a reactor heater capacity of 4 kW 
should be sufficient. The reactor heater consists of 4 Moduthal panels, placed on each side 
of the reactor. The elements are made of Kanthal Al (FeCrAl), imbedded in Al20 3• It is 
possible to make holes in these elements for sampling and measuring points. 

When experiments are done with coal combustion in the reactor, heat is produced in bed 
1. For stabie operation it is necessary to remove th is heat. As the reactor is weil insulated 
and it is difficult to provide the reactor with cooling elements, the heat must be removed 
by the gas flow through bed 1. The maximum amount of coal that can be combusted 
depenels on the heat that can be removed. The heat removed by the gas flow is maximal 
when the gas flow is heated up from 298 to 1123 K in the bed. This requires 12 kW. 
When Polish-5 coal is used (heat of combustion: 29370 kJ/kg) maximal 0.4 gis of coal can 
be combusted. 

At the start-up of a coal combustion experiment the reactor should first be heated up to 
the desired temperature (1123 K). The coal combustion can then be started with a small 
amount of coal. The amount of coal combusted is gradually increased and the temperature 
of the inlet gas flow gradually decreased, keeping the temperature in the reactor constant. 

The reactor should of course be weil insulated. A choice has been made for Fiberfrax 
Durablanket, a ceramic fibre made of alumina and silica. It is light, strong, and has a low 
thermal conductivity. It can also easily be processed. It is available with different densities 
and layer thicknesses. The choice of the layer thickness depenels on the temperature at the 
outside of the insulation. The temperature at the outside of the insulation material is 102 
oe with a layer thickness of 76 mm, while it is 87 oe with a layer thickness of 102 mm 
(data from the supplier). Increasing the layer thickness even further will have little effect. 
A layer thickness of 102 mm has therefore been chosen. This means that there should be 
wamings in the neighbourhood of the reactor, to make people aware of the danger of the 
hot surface of the reactor insulation. 
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5.4 Gas distributor 

Three different types of gas distributors can be distinguished for use in fluidized beds: 
perforated plates, porous plates and tuyère distributors. In figure 5.6 these three 
distributors are shown. Perforated plates have been chosen as gas distributors in the IFB. 
Disadvantages of porous plates are the uncertainties of the performance caused by 
differences in thickness and permeability, the fragility and the possibility of blockage of 
the holes by dust. In tuyère distributors the gas is blown into the bed through nozzles in 
horizontal position. In this type of distributor excessive high gas velocities at the nozzles 
may be required to satisfy a high enough pressure drop over the distributor. This may 
result in eros ion and breakage of the sorbent particles which is undesirable. An advantage 
of both the porous plates and the tuyère distributors is that particles cannot drain into the 
windbox when defluidized. In case of using perforated plates drainage of particles is 
indeed possible. Geldart and Baeyens (1985) suggested that if the holes in perforated 
plates are larger than about 5 times the ave rage dp' the bed will drain into the windbox. 
However, th is limitation can be avoided by the use of mesh under the perforated plate. 
To design the perforated plates a procedure has been set up based on design rules 
suggested by Geldart (1986), Sathiyamoorthy and Rao (1981) and Kunii and Levenspiel 
(1991). In appendix 7 this procedure will be explained and will be applied for the design 
of the gas distributors in the· IFB. Before this procedure is used for design calculations, the 
characteristics of the gas distributors will be discussed. In the design procedure the 
maximum allowable velocity through the orifices has been chosen to be equal to 80 - 90 
mis. At higher gas velocities through the orifices, the pressure drop over the distributor 
will become out of proportion. The high gas velocities may cause channeling of the bed 
because of possible breakthrough of jets to the bed surface. Another problem with high 
gas velocities that will occur, is the increasing attrition of the sorbent particles. Geldart 
and Baeyens (1985) reported that gas velocities through the orifices higher than 90 mis are 
generally causing a high degree of attrition. 

Choice of the characteristics of the distributor 

The distributor consists of a perforated plate that is made of the same construction 
material as the reactor. The orifices in the distribution plate have a diameter dor = 0.002 m. 
The thickness of the plate td = 4 mmo With the choice for the orifice diameter the ease of 
perforating the plate has been taken into account. Distributors with orifice diameters which 
are smaller than 1 mm are very difficult to make. The sorbent particles are large so that 
drainage through these orifices is prevented. The thickness of the plate will depend on the 
loadings by the bed mass under high temperature conditions. Calculations of strength has 
shown that the plate is thick enough. The four necessary distributors will all be made 
using one plate. 

To ensure an uniformly fluidized bed not only the design of the gas distributor but also 
the arrangements of the windbox are important. In figure 5.7 a few examples of these 
arrangements are shown. In th is figure the preferred and less preferred options have been 
indicated for both horizontal and vertical gas flow into the windbox. In the preferred 
arrangements the gas flow will enhance the gas distribution over the perforated plate. The 
horizontal flowentrance has been chosen. 
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s.s Freeboard 

Entrainment is the ejection of partic1es from the surface of a fluidized bed by bursting of 
bubbles. Oepending on their terminal velocity and the gas velocity, partic1es are carried up 
to various heights. The larger partic1es fall back, while partic1es with a terminal velocity 
smaller than the gas velocity, will be dragged along with the gas. Because partic1es with a 
terminal velocity higher than the gas velocity will faIl back, the solids loading of the gas 
will decline with height. The Transport Disengagement Reight (TDR) is the height at 
which the solids loading of the gas reaches a constant value. To allow maximum return of 
the solids to the bed, the height of the freeboard should be higher than the TOR. The 
TOH is a function of the column diameter, the gas velocity and the bubble si ze. 

Two freeboard configurations will be considered here, a freeboard with a diameter which 
is the same as the reactor diameter (20 cm) and a freeboard with a larger diameter of 30 
cm. Bed 1 is the bed with the largest surface. and the highest gas velocity, so we will 
consider th is bed. The diameter of this bed is 14 cm, therefore it is assumed that the 
maximum bubble diameter will also be about 14 cm. In the freeboard the gases of bed 1 
and 2 co me together so the maximum gas velocity will be lower than the maximum gas 
velocity in bed 1, and is assumed to be 1.7 mis. The TOR is estimated from a plot of 
Zenz and Weil (1958) who give the TOR as a function of bubble size and the gas 
velocity. 

The terminal velocity is given by with equation A3.2 (Appendix 3), which is valid for 0.4 
< Rep < 500. For partic1es with a diameter larger than about 50 p.m, Rep is within this 
range. With this equation the diameter of the partic1es dp' which will be dragged along 
with the gas, can be calculated. Table 5.2 shows the gas velocity in the freeboard, the 
TOR and the diameter of the partic1es that will be dragged along, for both freeboard 
configurations. 

Table 5.2: ufb, TOR and critical partic1e diameter 

I Ofb (m) I Ufb (mis) I TOR (m) I dp (urn) I 
1

0
.
2 

0.3 : 0.84 
11.7 11.73 

0.48 1
273 
135 I 

Based on these figures a diameter of the freeboard of 0.3 mand a height of 0.6 mare 
chosen. The angle of the connection part between the freeboard and reactor is 60 0 to 
allow falling particles to roll back into the bed. The freeboard should be made of the same 
material as the reactor. 

The temperature of the off-gases should stay high to allow conversion of the combustible 
components in the gas and the S02 removal in the CaO-bed. Although the freeboard, the 
cyclone and connecting pipes will be insulated the gases will cool down. As the freeboard 
has the largest outer area, the temperature drop of the gas flow will be the highest in the 
freeboard. Therefore the cooling of the gas flow in the freeboard was ca1culated. A heat 
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balance is considered over an element dz of the freeboard: 

5.2 

The left hand term describes the cooling of the gas flow, while the right hand term is the 
heat loss through the insulation of the freeboard. It is assumed th at the heat transfer of the 
gas flow to the steel wall of the freeboard is not rate limiting so that the steel wall has the 
same temperature as the gas. Integration of equation 5.2 over the height of the freeboard 
yields depending on the gas flow a temperature drop of 30 to 90°C. 
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Chapter Six: Supply section 

In the description of the gas supply section attention will be paid to the sources of the gases 
and the gas preheating section. The supply system for coal and sand particles will be 
discussed in the second part of this chapter. 

6.1 Gas supply 

Sources of the gases 
In the gas supply section two types of gas flows are distinguished: the fluidization gas flow 
and the reactive gas flow. The fluidization gas flow is the main gas flow which is used to 
fluidize the beds. The reactive gas flows are much smaller than the fluidization gas flows as 
the gas concentrations of the reactive components are small in the reactor. In appendix 9 an 
estimation of the diameters is given for each of the lines in the feed section. 

Nitrogen 
The amount ofnitrogen (maximum total flow is about 67 Nm3/h) needed for experiments with 
the pilot plant is too large to use nitrogen from cylinders. A storage vessel with liquid 
nitrogen will be used for the nitrogen supply. The liquid nitrogen will be evaporated and led 
to the pilot plant at a pressure of 10 bar. 
Only for safety purposes a cylinder with nitrogen will be available. 

Air 
The maximum flow expected for oxygen is about 1.8 Nm3jh (5 v% in total flow). Using 
maximum oxygen flowrates, only a few experiments are possible with one cylinder. Because 
of this, it has been chosen to use pressurized air instead of cylinders. The pressurized air flow 
will be delivered by the main compressor of the faculty. The maximum air flow from this 
compressor is 400 Nm3jh at a pressure of 6-7 bar. This air flow is large enough since the 
maximum air flow to bed 1 is expected to be about 40 Nm3jh. The compressor has been 
provided with a dry column device so that no extra dry column is needed in the air supply 
line to the reactor. The pressurized air flow will contain the amount of oxygen needed for 
both coal combustion experiments and experiments with simulation gases. A mixture of air 
and nitrogen will flow to bed 1. 

Reactive gases: sulphur dioxide, hydrogen and carbon monoxide 
Carbon monoxide, hydrogen and sulphur dioxide can be delivered from cylinders at a 
maximum pressure of 200 bar. The maximum flows for carbon monoxide and hydrogen are 
expected to be about 0.4 Nm3jh (5 v% in total flow to bed 3). The cylinders have a content 
of 10 Nm3 and are capable to supply gas during a number of experiments. 
An optional sulphur dioxide supplier is a cylinder which contains nitrogen with 5% sulphur 
dioxide. This option is only interesting when experiments are do ne under higher pressures. 
The dilution with nitrogen is intended to lower the vapour pressure of sulphur dioxide. At a 
temperature of 20 oe, the vapour pressure of pure sulphur dioxide is 3.3 bar. Since only 
experiments at (nearly) atmospheric conditions are done, no problems are expected with the 
supply from cylinders with pure sulphur dioxide. 
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Natural gas 
A connection with the local network of natural gas is needed for the supply to the converter. 

Heating of the gases 

The different strategies for the heating of the gases will be discussed. The ca1culation of the 
amount of heat will be incIuded. In the set-up of these strategies mass flow controlling and 
the sequence of mixing and heating will be considered. 
To heat up the gases electrical heating is preferred. It is possible to use porous keramic 
elements which contain electrical wires with a large contact area with the gas. These elements 
are relatively small and can easily be placed in the gas flow lines. 
In the set-up of the heating of the gas flows it has been chosen to heat up the fluidization gas 
flows only. The cold reactive gas flows wilt be mixed with the hot fluidization gas flows. The 
temperature of the mixed gas flows will be measured and controlled by changing the heat 
input to the fluidization gas flow. In this set-up extra heat input for the fluidization gas flow 
is needed to heat up the cold reactive gas flows. Some heat will be lost by the connections 
of the cold lines with the reactive gas flows. The advantage of this set-up is that only inert 
gas (nitrogen) will come in contact with the heating elements. This means that the material 
of these elements does not need to be resistant to a oxidizing, a reducing or a sulphurous 
environment. 
The mass flow controllers for the fluidization gases are placed at the cold side of the gas 
supply section where it is very easy to measure and to control the gas flows. Under hot 
conditions some difficulties regarding mass flow controlling may arise; accurate mass flow 
measurement at high temperature is not possible with the normal methods. Mass flow 
controllers for the fluidization gases at the hot side would have the advantage that in one 
preheater the gases could be heated up and then the mass flows could be controlled. The use 
of one preheater would have simplified the set-up but the temperature of the gas flows (after 
mixing with the reactive gases) would have . been difficult to control. 

Calculations 
The basis of the ca1culations of the amount of heat input is that the gases have to be heated 
up to maximum 1000 °C. The total heat input for each of the four gas flows can be calculated 
with: 

where Qj is the heat input to gas flow j (W) 
cj>m~j is the molar flow of component i in gas flow j (mol/s) 
CPi is the heat capacity component i (J/(mol*K» 
To is the inlet temperature (K) 
Tdes is the desired temperature (K) 

6.1 

20 





In equation 6.1 the heat capacities are a function of temperature T: 

6.2 

For each component in the gas flows the five parameters in th is equation: ai' bi' Ci' di and ei 
are taken from data collected by Daubert and Danner (1989). 

In the calculations it has been assumed that heat losses due to the cold line connections are 
negligible. Preliminary calculations have been carried out for a number of different 
compositions of the gas flows. From these calculations it has been concluded that the heat 
input to gas flows containing different components only slightly differs from the input to 
flows containing only nitrogen. Therefore the heat input to the gas flows will be calculated 
here for gas flows containing only nitrogen. For each bed the maximum amount of heat input 
to the feed gas flow for that bed has been calculated using the maximum values for cpm~j and 
Tdea (1273 K). The va lues for the amount of heat input are presented in tab Ie 6.1. 

Table 6.1: Heat input to the gas flows 

I gas flow I cpm~j (moIls) I q (kW) I 
bed 1 0.3972 12.21 

bed 2 0.0851 2.62 

bed 3 0.0730 2.24 

bed 4 0.0851 2.62 

6.2 Solids supply 

Three different solids supplies can be distinguished: sorbent, coal and sand. The sorbent 
particles are only fed to the reactor before starting experiments. At the top of the reactor two 
holes are availabie through which sorbent particles can be fed using a funnel device. The coal 
and sand particles will be fed semi-continuously to the reactor. Some experiments with the 
IFB will be done with real combustion of coal instead of using a simulation gas containing 
S02. The sand flow is used for segregation experiments in bed 2. From this bed sand particles 
which simulate the bottom ash particles, will be taken out of the reactor through a hole in the 
reactor wall. 
Durlng coal combustion the bed will be fluidized with air. The coal feed has a maximum 
value of about 0.4 gis (see 5.3). The maximum sand feed flow is taken to be 0.1 gis. A solids 
feed system will be designed for the semi-continuous supply of coal and sand. 
In principle there are two possible mechanisms for the solids feed system: a mechanical valve 
and a hydraulic valve. The mechanical valve consists of a mechanical device which controls 
the solids feed flow directly to the reactor or using a pneumatic system which will blow the 
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partic1es in the reactor. In a hydraulic valve a fluidized bed is used to control the solids feed 
flow. The solids may be transported from a hopper device to the fluidized bed and from this 
bed the solids may flow over a weir to the reactor. With th is type of valve it is more difficult 
to control accurately the small solids flows than with a mechanica I valve. Therefore it has 
been chosen to use a mechanica 1 valve. 
The solids feed system will be connected to the reactor near the bottom of the bed to avoid 
that solids will leave bed 1 immediately. Three possible mechanical devices are: the rotary 
valve, the screw conveyor and the vibrating conveyor. With the first two devices more 
accurate solids feed flow control is possible than with a vibrating conveyor. Both these 
systems have the disadvantage that attrition may occur. Despite of possible attrition, the final 
choice for the solids feed mechanism will be made between the rotary valve and the screw 
conveyor. These two mechanisms will be compared in Appendix 8. In this appendix 
calculations have been set up for both the mechanisms and the most suitable one have been 
chosen. Based on the estimations of the dimensions of these mechanisms a screw conveyor 
has been chosen. 
The screw conveyor systems can be supplied by contructors as complete units including a 
hopper device and a driver gear system. The hopper device is closed during experiments. 
Before starting experiments the hopper can be filled by opening the top. To maintain the same 
pressure above the solids in the hopper as the inlet pressure of the conveying gas flow, a line 
will connect these two points. This line ensures that no gas from the reactor can flow into the 
hopper. Especially when the hopper has been filled with coal, a hot gas (air) from the reactor 
would be extremely dangerous. 
At the end of the screw, the solids will be blown by a nitrogen flow through a horizontal line 
into the reactor. Direct solids feeding from the screw into the reactor is not possible. Problems 
with direct feeding are that hot gas from the reactor can flow into the screw. When coal is 
feeded to the reactor, combustion of coal will already take place in the screw itself. Other 
problems are that the material of the screw system be co me too hot; special material is needed 
that is resistant to the conditions in bed 1. 
Nitrogen will be used to transport the solids from the screw to the reactor. The screw line and 
the pneuma tic conveying line can be connected in a perpendiculiu position or in a -Y­
position in which the angle between the lines is smaller than 90°. In figure 6.1 a schematic 
drawing of the conveying line is presented. CoId nitrogen will be blown into the reactor. If 
this nitrogen flow is small enough, the influence on the bed temperature can be assumed to 
be negligible. To check whether this influence is negligible or not, a calculation example of 
the pneumatic conveying system is given. 
In this calculation example the minimum transport velocity (u) in the pneumatic conveying 
line is about 15 - 20 mis. A value of 20 mis is chosen, while the pipe diameter is chosen to 
be: D = 0.005 m. The gas mass flow through the conveying line can be calculated with: 

6.3 

The calculated gas flow is: 0.585 gis or 0.02088 moiis. This flow is compared with the total 
flow through bed 1, 0.0115 kgls or 0.4093 molis. The gas flow used in the conveying line is 
thus about 5% of the total flow. The temperature of the reactor wiII be lowered to 810°C by 
the conveying gas flow. This change of temperature can be compensated with the reactor 
heating elements. 
The range of values of the solids loading ratio in the conveying line is 0.02 - 0.68 kgjkgg 
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(q,so = 0.01 - 0.4 gis). These values show that a very dilute gas will flow into the reactor. 
Possible disturbance of the bed by the gas conveying jet can be determined by calculating 
the penetration lenght of the horizontal gas jet produced by the conveying gas into the 
fluidized bed. As it can be seen from the solids loading ratio the dilute phase system in the 
conveying line may weIl be considered as a pure gas flow. Merry (1971) suggested that the 
penetration Ienght Ij for pure horizontal gas jets may be calculated using the equation: 

~ +4.5 =5.25 P, 'Uil P,...J!.. I {2 )0.4 { ]O.2{d )0.2 
D ' (l-e)·p,-g-d, P.., D 

where ' dp is the diameter of the solids in the bed = 0.0025 m 
Pso is the density of the solids in the bed = 1400 kg/m3 

e is the bed voidage = 0.55 

6.4 

ug is the velocity at the inlet of the reactor which can be caiculated using the ideal gas 
law: 

T" P, u =u·_·-
" I T P 

I " 

6.5 

It has been found for the above suggested parameters that the penetration length is 0.0056 m. 
If the minimum transport velocity is smaller, say 15 mis and keeping the other parameters 
constant the value for Ij becomes negative. Merry (1971) suggested that if the penetration 
length is zero or negative the theory of jets may no longer be applied for such conditions, 
because jetting has been replaced by bubbling at the nozzie. From these caiculations it can 
be concluded that there are no probiems conceming the disturbance of the bed. 
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Chapter Seven: Sampling section 

In this chapter the methods will be described for sampling of the gases and the solids. For 
both sampling methods a system will be described with which it is possible to take samples 
from the reactor. In the description of the solids sampling system also attention will be paid 
to the removal of all solids from the reactor. This chapter will start with a description of the 
position of the sampling points in the reactor. 

7.1 Place of the sampling points 

In figure 7.1 the suggested position of the sampling and measuring points are indicated. It has 
been chosen that all points are on one row in each bed. The position of these rows has been 
chosen such that the pressure measuring points on either side of the orifiee are at the same 
distanee from the orifiee. Pressure measuring points are suggested at 0.03 m in bed 1 and 4 
and at 0.07 m in bed 2 and 3 (these values are the heights of the orifices between the beds). 
Other pressure measuring points are at 0.1 m, 0.2 mand 0.3 m, only in bed 4. 
Solids sampling points are suggested in bed 2 to be ab Ie to measure the amount of 
segregation in bed 2 at 0.02 m, 0.1 m, 0.2 mand 0.3 m. In the other beds oneosolids sampling 
point annex solids removal point is suggested at 0.02 m. Gas sampling points are suggested 
in each bed at 0.25 m. Two gas sampling points are suggested at 0.55 m to measure the 
mixed gas streams of bed 1 and 2 and of bed 3 and 4. 

7.2 Gas sampling 

In figure 7.2 a schema tic drawing of the gas sampling method is presented. A thin pipe with 
an intemal diameter of about 2 to 3 mm is connected to the reactor wall. The gas flow 
through such a th in pipe will not disturb the bed. At the end of th is pipe a fine mesh can be 
placed to prevent incoming dust. In th is pipe a balI valve and, in case the analyzing unit is 
very sensitive to dust, a filter can be installed. The valve will be opened for a short period 
when taking a gas sample. The gas will flow by the pressure gradient to the sampling unit 
because of the higher pressure in the reactor. The gas samples have to be cooled down to the 
temperature in the analyzing unit. Using long lines will be enough to cool down the gas 
samples. 

7.3 Solids sampling 

In figure 7.3 a schematic drawing of the solids sampling method is shown. A pipeline with 
an intemal diameter of about 10 to 12 mm is connected to the reactor walt. Sampling is 
possible by opening a balI valve for a short time. The gas with the solids will flow to a 
gravity settling chamber in which the solids are separated from the gas. A gravity settling 
chamber is the most simple collecting device for large particles Iike the sorbent particles 
(Maas (1979)). In this chamber the gas flow rate will be reduced to a value at which the 
solids fall out the gas flow. The solids settle due to gravitational forces and will be collected 
at the bot~om of. th is chamber. Mer the solids have been cooled down, they may be drawn 
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off from this chamber for analyzing purposes. Af ter sampling, solids may settle in the 
pipeline. These solids can be blown back to the reactor by a nitrogen injection while the valve 
just ahead the chamber has been closed. The gas flow from the settling chamber passes a fine 
mesh to prevent incoming dust and will be transported to the converter section. A fan is used 
to enhance the pressure gradient needed for the gas and solids flow through the pipeline. 

For the estimation of the size of the settling chamber in which the solids will be collected two 
things are important: the settling and the storage of the solids. A box of rectangular shape will 
be used as settling chamber. To allow settling, the flow area of the box has to be enlarged 
compared to the flow area of the pipeline through which the solids will be drawn off from 
the reactor. In a calculation example the design of the settling chamber will be illustrated. 

In this calculation it is assumed that the diameter of the pipeline is 0.01 mand the gas 
velocity in it is 20 mis. This line diameter is sufficient for free flowing of sorbent particles 
with a diameter of 2.5 mmo The assumption for the gas velocity has been related to the 
settling velocity. The settling or terminal velocity of the sorbent particles under reactor 
conditions can be calculated with equation A3.2 (appendix 3): Ut = 15.7 mis. 
In the chamber the gas velocity will be lowered to a value of Uu [mis]. For stationary gas 
flow, the flow area of the chamber can be calculated: ~ = (uJuJ * ~ [m2] (Ui: gas velocity 
in the line to the chamber = 20 mis and ~: area of the line = 7.85*10.5 m2). The flow area 
~ is equal to HCh * BCh (Hch: height of the chamber, Bch: width of the chamber). The 
performance of gravity settling chambers, II is equal to (Maas (1979»: 

ut'Lcli ,,=-­
Hch-ull 

7.1 

The length of the chamber LCh depends on the desired value of the particle size which should 
be settled and on the storage capacity . 
The settling efficiency is calculated for the following configuration: Uu = 0.5 mis, HCh = 0.056 
mand LCh = 0.015 m. The settling efficiency can be characterized by the minimum particle 
size for 100% settling (ll = 1) dplOO and the particIe size for 50% settling (ll = 0.5) dp50' With 
equation 7.1 a terminal velocity can be calculated and a particle size follows from the 
appropriate equation for Ut (appendix 3). The settling efficiency is then: dplOO = 105,um and 
dp50 = 81 ,urn. 
To ensure solids settling in the chamber arestriction may be installed in the chamber. An 
example of such a restriction is a plate connected to the top of the chamber halfway in the 
chamber and covers half the flow area. This may cause an extra pressure drop across the 
chamber but is like the pressure drops caused by contraction and enlargement of the gas flow 
in the chamber, negligible compared to the pressure drop enhanced by the fan. 
For small capacities and pressures a propeller fan can be used. It has been assumed that the 
gas flow is compressed adiabatically to a gauge pressure of 0.05 bar. The molar flow which 
will be compressed can be calculated with the assumption th at the gas flow contains only 
nitrogen, and with the ideal gas law for the conditions at the outlet of the reactor (P = 1.1 bar, 
T = 1123 K). The molar gas flow cj>m is then 0.0185 molis. 
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The theoretical work W t expended on the gas during adiabatic compression is equal to: 

where y is the specific heat ratio = 1.4 
Pi,Ti is the condition in the suction line (Pi=1.1 bar, Ti= 293 - 1123 K) 
Pa is the downstream pressure = 1.15 bar 

7.2 

With the assumption that the efficiency of the fan is 0.6, the actual work W can be calculated. 
The results of these calculations are for the different conditions in the suction line: Ti = 293 -
1123 K ; W = 3.3 - 12.8 W. 

Solids removal 
After experiments with the IFB the sorbent partic1es might be taken out of the reactor. For 
this purpose the same points as for the solids sampling can be used. The size of the pipes 
therefore has to be large enough to get a smooth flow of partic1es out of the reactor. Some 
arrangements of the solids sampling system have to be changed. The chamber and .other lines 
have to be disconnected so that a short line with the balI valve is left. Through this line the 
solids can easily be removed from the reactor and may be collected with a bucket. The last 
solids left in the reactor may be taken out the reactor using a dust aspirator device. This 
device can be put through the short line in the reactor to remove these solids. 
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Chapter Eight: OtT-gas treatment section 

8.1 The cyclone 

The gas flow leaving the reactor section will first flow into acyclone. The cyclone is 
chosen first to prevent that dust particles are accumulated in the off-gas treatment 
equipment and cause blockage. 

In a cyclone a dust-Iaden gas enters a cylindrical chamber tangentially and leaves through 
a central opening (see figure 8.1). Because of the tangential inlet a rotating flow will exist 
and the dust particles will tend to move toward the outside separator wall. The removed 
particles will flow along the cyclone wall through a conical outlet into a receiver, in this 
case a closed vessel. Cyclones can be used for temperatures up to 1000 °C, provided that 
they are made of suitable materiais. As the temperature in the cyclone is not much lower 
than in the reactor, the cyclone should be made of the same material as the reactor. 

The dimensions of gas cyclones are standardized (figure 8.1). All dimensions are related to 
the cyclone diameter Dc. Common inlet velocities for cyclones vary between 6 and 21 mis 
according to Perry (1984). The minimum gas flow through the cyclone will be 0.03 m3/s, 
the maximum gas flow 0.0632 m3/s. The diameter of the cyclone is chosen in such a way 
that in both cases the inlet velocities are in the range given by Perry (1984). The inlet 
velocity Ui is calculated with: 

8.1 

When we choose a cyclone diameter of 0.17 m, the inlet velocity in case of minimum gas 
flow is 8.3 mis, the inlet velocity in case of maximum flow is 17.5 mis. 

Several models exist for ca1culating the efficiency of acyclone and the pressure drop over 
the cyc10ne (Perry (1984), Hoffmann (1989)). A simple model is chosen here. According 
to de Graauw en Bruinsma (1992) dp50' the particle size at which 50 % of the particles are 
collected by the cyclone can be calculated with: 

=[0.14. ~g.Dcr·S dp50 
~p.Uj 

The pressure drop over the cyclone is then: 

8.2 

8.3 

dpSo and öPc are calculated for the minimum and maximum values of the gas flow and 
shown in table 8.1. 
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Table 8.1 : dpSO and dPc 

gas flow (m3/s) dpSo (,urn) dPc (Pa) 

0.03 9.7 83 

0.0632 6.7 368 

8.2 Convers ion of the combustibIe components 

In genera I three ways can be distinguished to dispose of combustibie components in waste 
gases. Gases with a high heating value can be flared, i.e. directly be combusted without 
adding a gas with a high heating value (natural gas). The gas flows from the IFB will 
contain only low percentages of combustibie components, so flaring of the gases is not 
possible. 

Two other options are thermal and catalytic incineration. Thermal incinerators can be used 
over a fairly wide but low range of concentrations of combustibie components. The 
concentrations of these components in air must be below the lower explosive limit. Along 
with the off-gases, air and fuel are continuously delivered to the incinerator, where the 
fuel (natura 1 gas) is combusted with air in a bumer. The products of combustion and the 
off-gases are mixed and the combustibie components are converted. Thermal incinerators 
require operating temperatures in the range of 650 to 820°C. The residence time of the 
gas in the incinerator should be 0.3 to 0.5 s to ensure complete combustion of the 
combustibie components. The thermal incinerator has the disadvantages of high operating 
costs, fire hazards and flashback possibilities. 

Catalytic incinerators operate at lower temperatures (350 to 425°C). The off-gases pass 
through a catalyst bed, where the combustion reaction occurs. The catalyst can be 
platinum or various oxides of copper, chromium, vanadium, nickel or cobalt. The catalyst 
is easily poisoned by sulphur compounds. The catalyst should be regenerated regularly. 

Initially a choice was made for athermal incinerator as the temperature of the gas flow 
coming from the reactor was high enough. Contact with a supplier of incinerators showed 
however that the gas flow is too low for standard available incinerators. Another option 
however would be the conversion of the combustibie components without ignition source 
at high temperature with a surplus of oxygen. According to infonnation from the supplier 
th is isn't possible at 800°C, but at 900 °c the combustibie components will be converted 
nearly completely. Chosen is therefore to heat up the off-gases to 900°C. This is done by 
direct heating by combustion of natura I gas in the gas flow. Heating elements which are 
placed in the gas flow, such as those used in the gas preheating might get easily damaged 
by the reactive components. Electrical heating elements as used for the reactor require a 
large heat transfer area. The needed amount of natural gas to heat up the maximum gas 
flow from 750 to 900°C is 0.36 Nm3/hour. This is low, so direct heating is also a cheap 
solution. The convers ion is done in a long cylindrical tube, where the bumer is placed at 
the beginning of the tube. The diameter of the tube is 0.20 m, the length 0.5 m, so that the 
residence time in the tube will range from 0.25 . to 0.5 s, which should be long enough for 
the conversion. 
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8.3 S02 removal in a CaO-bed 

After all sulphur compounds in the gas flow have been converted to S02' this S02 can be 
removed with a bed containing CaO. A choice should be made between a fluidized bed 
and a fixed bed. In a fluidized bed continuous supply of fresh CaO and removal of used 
Cao is possible. In a fixed bed however the retention of S02 and the CaO convers ion that 
can be achieved are higher. The difference is shown in figure 8.2 and 8.3. The simulations 
shown in this figures were done with the SURE2 model (Appendix 1), and show the S02 
retention in a fixed and fluidized bed, with in each bed an equal amount of sorbent. The 
inlet molar flow of S02 is for an average experiment (u l = 1.5 mis, CS02,lO = 1000 ppm). 
As goal is set that the S02 retention should be at least 70 %. In figure 8.2 we see for the 
fluidized bed that the retention becomes lower than 70 % after 50 hours. The average CaO 
conversion in the bed is than 60 %. The retention in the fixed bed becomes lower than 70 
% only af ter 56 hours, while the average Cao conversion is then 90 %. A fixed bed is 
chosen as its performance is much better. 

The bed can contain either sorbent material or limestone. The sorbent that has been used 
in the reactor can be used to capture S02 in the CaO-bed, before it is removed as solid 
waste. However it is not known whether there will be a regular supply of used sorbent and 
in which condition this sorbent material will beo Therefore it is chosen to use limestone 
instead. Limestone typically consists of 70-99 % CaC03• When limestone is calcinated 
CO2 is omitted and CaO remains. The CaO reacts with S02 to CaS04• The molar volume 
of CaS04 however is much bigger than the molar volume of CaO. For limestones with a 
high content of CaO this can lead to pore plugging: pores are blocked by CaS04• This will 
be the case first at the outer surface of the particle, as the sulphation rate is the highest 
there. The innerside of the particle can't be converted then. This is the reason that only 
part of the CaO in limestone can be converted. The final conversion that can be reached, 
depends on the particle size and the porosity of the limestone. For sulphation of the 
limestone the temperature should be between 750 and 900°C. 

For th is calculation it is assumed that the limestone used in the CaO-bed has a Cao 
content of 90 % af ter calcination and a maximum CaO convers ion of 25 % is possible. 
When it is assumed that just as for the sorbent the CaO conversion in a fixed bed has 
reached 90 % of the maxima I .conversion before the S02 retention becomes lower than 70 
%, the dimension of the bed can be estimated. A vessel of 60 1 filled with 30 kg limestone 
is then sufficient for more than 100 hours. It is chosen to make two vessels to be able to 
work continuously during long experiments. Each vessel has a height of 0.40 mand a 
diameter of 0.45 m. The pressure drop over these vessels can be calculated with Erguns 
equation for the pressure drop over fixed beds: 

àPb (l-e,i~, 'U, (l-e,) P, ·u; 
-=150· '--+1.75' ._-

1 3 2 3 d 
b eb dp eb p 

8.4 

Tbe superficial gas velocity in the bed will range from 0.2 to 0.46 mis, the pressure drop 
over the bed from 600 to 1500 Pa. The particIe diameter of the limestone shouldn't be 
chosen too smalI, because else the bed might become fluidized, which will reduce the 
effectiveness of the S02 reten ti on. 
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8.4 Cooling of the gas flow and dust removal in a bag filter 

After the CaO-bed the gas flow can be blown out to the environment. The gas flow is still 
hot and will contain fine dust partic1es which haven't been removed by the cyc1one. It is 
possible that the CaO-bed will act as filter for the fine dust, on the ot her hand it is also 
possible that dust fiom the Ca~-bed is carried along with the gas. If required the dust 
should be removed by a filter. As the most used filter, the bag filter, works at moderate 
temperatures, the gas flow must first be cooled down. Because it is not known yet whether 
these last two steps are necessary, no detailed work has been done on these last two steps. 
The calculations are only indications and the costs of the equipment are not inc1uded in 
the estimation of the investment costs. 

To cool the gas flow a water cooler can be used. The maximum amount of heat that has to 
be removed when the gas is cooled down from 850 to 100°C is 19 kW. The cooling water 
is heated from 15 to 30°C, so 1100 I of cooling water per hour is needed. The logaritmic 
mean difference temperature is 308 oe. When a heat transfer coefficient of 15 W/(m2.K) 
(Wijers, 1987) is assumed, the heat transfer area is 4.1 m2

• 

In a bag filter the dust-laden gas is blown through cylindrical bags made of a thin filter 
c1oth. The dust is captured on the bags. By shaking the bags or with an air pulse in the 
opposite direction the dust is periodically removed fiom the bags and collected in a box. 
The c10th can be made of various materiais, but in this case a c10th should be chosen that 
is resistant to oxidizing environments and preferably also to sulphurous environments as 
not all the S02 will be removed in the CaO-bed. The needed c10th area depends on the 
choice of the c1oth, the allowed pressure drop over the filter and the solids loading of the 
gas. The air permeability of a normal bag filter is 2 m3/(m2.min). With a maximum gas 
flow of 1.4 m3/min the c10th area should be minimal 0.7 m2

• 
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Chapter Nine: Process control 

The description of the process control in the pilot plant is divided into two parts. In the first 
part it will be explained for each section of the pilot plant, which parameters have to be 
controlled. The reasons for controlling these parameters is included in this part. The second 
part deals with the description of the control mechanisms which are necessary to manipulate 
the parameters mentioned in the first part. The different control mechanisms will be presented 
in a process control diagram. This chapter will be ended with an indication of the global 
procedures for the operation of the pilot plant. 

9.1 Con trol strategies 

The choice of parameters which have to be controlled will be discussed separately for each 
section of the pilot plant. For the supply, the reactor and the off-gas treatment sections a 
description of these parameters will be presented below. 

1 Supply section 
Controlled parameters for the supply of the different feed gases to the reactor: 

Pressure 
The pressure of the gases in the supply section has to be sufficiently high to overcome the 
pressure drop over the reactor and the off-gas treatment section. 

Mass flows 
The mass flows of the gases have to be controlled to get a good definition of the reactor 
conditions (superficial gas velocity and composition of the gas flow). 

Temperature 
The temperature of the gases has to be controlled because it is impossible to keep the reactor 
temperature constant with reactor heating only. 

Controlled parameters for the supply of the solids (coal and sand) to the reactor with the 
conveying gas: 

Pressure 
Solids: The pressure in the solids feed hopper has to be sufficiently high to avoid th at gas can 
flow into the hopper. 
Gas: The pressure of the conveying gas has to be sufficiently high to overcome the pressure 
drop over the line to the reactor. 

Flows 
Solids: The flow of the solids has to be controlled. The coal particles have to be carefully 
feeded to the reactor to allow a save combustion with no sudden increases of temperature. A 
constant and weIl defined coal flow ensures a good comparison with simulation experiments 
regarding the sulphur capture. A constant sand flowallows weIl defined segregation 
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experiments in bed 2. 
Gas: The gas flow for the pneumatic conveying system has to be sufficiently high to ensure 
that all solids flow into the reactor and that no settling in the line to the reactor will occur. 

2 Reactor section 

Temperature 
The temperature in the reactor has to be controlled in order to obtain a weIl defined 
temperature that can be related to the sulphur capture at actual coal combustion conditions. 

Pressure 
The pressure in the reactor has to be (nearly) atmospheric so that simulation experiments can 
be compared with actual coal combustion at atmospheric pressure. A high pressure drop over 
the off-gas treatment section leads to a higher pressure in the reactor. In all cases the pressure 
may not become too high to avoid unrealistic reactor conditions compared with coal 
combustion. 

3 Off-gas treatment (converter) 

Temperature 
The temperature of the gases in the converter has to be sufficiently high to allow a complete 
convers ion of the combustibie components. 

Flows 
The temperature of the gases in the converter is controlled by the flow of natural gas. 
The flows of natural gas and air have to be supplied to the converter in a certain ratio 
necessary for good combustion in the converter. 

Pressure 
The pressures of natural gas and air have to be sufficiently high to overcome the pressure 
drop over the lines to the converter. 

9.2 Control mechanisms 

Based on the discussion of the parameters which have to be controlled, control mechanisms 
have been set up. Using the same systematically approach the different solutions for the 
control mechanisms will be discussed for each section of the pilot plant. 

1 Supply section 
Control mechanisms for the supply of the different feed gases to the reactor: 

Pressure 
The pressure control for each of the feed gases is realized by a reducing valve. With this 
valve the pressure of the gas from its storage will be reduced to a pressure that is sufficiently 
high to overcome the pressure drop over the reactor and the off-gas treatment. Reducing the 
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pressure may be based on pressure indicators up- and downstream of the valve. The pressure 
may not be set too high since then the pressure drop over the mass flow controller of the gas 
become too high. The control valve in the mass flow controller will then become a reducing 
valve. 

Mass flows 
The mass flow control for each of the feed gases is realized by a combination of a mass flow 
measurement device and a control valve. Based on mass flow measurements the control valve 
can manipulate the gas flow so that a constant mass flow can be ensured. A set point given 
to the control element is used for th is manipulation. As already discussed for the pressure 
control the upstream pressure of the mass flow controller may not become too high to avoid 
an excessive pressure drop over the control valve. 

Temperature 
The temperature control for the feed gases to each bed is realized by a temperature 
measurement at the oudet of the preheating section. Based on temperature measurements, the 
electrical input to the heating is varied so that a constant temperature of each gas flow can 
be ensured. A set point given to the control element is used for this variation. There are two 
different situations in relation with temperature control: experiments with simulation gases and 
actual coal combustion experiments. For the first type of experiments the set point will have 
the same temperature as the desired reactor temperature. The set point for the temperature of 
the gases for bed 1 will be substantially lower in case of coal combustion in bed 1. The 
colder feed gas flow to bed 1 will then be heated up to the desired reactor temperature by the 
heat produced by the combustion. 

Control mechanisms for the supply of the solids (coal and sand) to the reactor with the 
conveying gas: 

Pressure 
Solids: The pressure in the solids feed hopper is controlled by a thin line which connects the 
hopper with the inlet of the pneuma tic conveying line. 
Gas: The pressure control for the conveying gas is realized by a reducing valve. The pressure 
of the gas from its storage will be reduced to a pressure which is sufficiently high to 
overcome the pressure drop over the line. 

Flows 
Solids: The solids flow control to the reactor is realized by the driver gear system of the 
screw conveyor system. In this system a screw has been insta lied for a certain range of solids 
flow. The number of revolutions of the screw is related to the speed of an electric motor. 
At the end of the screw, the solids will be blown into the reactor using a gas flow with a 
sufficiently high velocity . 
Gas: The gas flow control for the pneumatic conveying system is realized by a flow 
controller. Since th is gas flow is relative small compared to the fluidization gas flow into bed 
1, it is sufficient to know the volumetric gas flow. This gas flow has to be high enough to 
ensure solids feeding to the reactor. Since the solids flows are very smalI, the gas flow control 
is not related to the solids flow control. 
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2 Reactor section 

Temperature 
The temperature control for the gases and the sorbent particles in the reactor is realized by 
temperature measurements, in or near the reactor wall. Based on these measurements the 
electrical input to the reactor heating elements can be varied so that a constant temperature 
in the reactor can be ensured. A set point given to the control elements is used for this 
variation. 
Duting start-up, maximum heat will be supplied by the heating elements to heat up the reactor 
material and the sorbent particles. 
For experiments with simulation gases the temperature of the reactor will be controlled as 
above. During coal combustion experiments the heating elements will be switched off. 

Pressure 
The pressure control of the reactor is realized by a control valve in the reactor outlet of the 
gas flows. Based on pressure measurements the control valves are adjusted so that a constant 
pressure in the reactor can be ensured. . 

3 Off-gas treatment (converter) 

Temperature 
The temperature control of the gases in the converter is realized by a temperature 
measurement at the oudet. Based on temperature measurements, the heat input to the gases 
in the converter will be varied so that a sufficiently high temperature is ensured. The variation 
of the heat input is realized by more or less combustion of natural gas. In th is control 
mechanism the temperature measurement device sends a signal to its control element, this 
element changes the set point of the mass flow controller. With this new set point the mass 
flow controller manipulate the natural gas flow to the converter. 

Flows 
The flow control is realized by a combination of a mass flow measurement and a control 
valve. Both the natura I gas flow and the air flow are manipulated by a mass flow controller. 
The air flow is controlled by a ratio controller based on measurements of both flows, so that 
both flows enter the converter in a preset ratio. 

Pressure 
The pressure control for the gases is realized by a reducing valve. The pressure of the gas 
from its storage will be reduced to such a pressure which is sufficiendy high to overcome the 
pressure drop over the line to the converter. 

The flowsheet of the pilot plant has been extended with the process control mechanisms as 
shown in figures 9.1 (feed gas section) and 9.2 (reactor section). In figure 9.3 a list of 
symbols and equipment is shown. In these process control diagrams valves are added as the 
result of safety measures. These safety measures will be discussed in the next chapter. In 
appendix 9 measurement methods and valves are discussed. In these discussions different 
possibilities arecompared and the most suitable options are indicated. 
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9.3 Global procedures for the pilot plant operation 

Experiments with the pilot plant will be carried out at a temperature of 850 oe. This means 
that flrst the reactor section has to be heated up. As the reactor and the bed material have 
high va lues for the heat capacity, this will take some time. 
Before starting any experiment it should be checked whether sufflcient amounts of the desired 
gases are available and whether the reactor is filled with sorbent and the CaO-bed with 
limestone. If necessary replace empty gas cylinders, soment and limestone. 

Start-up 
-Open the safety cylinder with nitrogen: open its main valve and adjust the pressure with the 
reducing valve. 
-Open the ma in stop valve in the nitrogen supply line. 
-Adjust the pressure in the supply line with the reducing valve. 
-Adjust the four nitrogen flows with the mass flow controllers to the maximum values. These 
controllers may be provided with a soft start procedure which allows a slow increase of the 
mass flow to the preset value. This feature is especially useful for large changes in mass flow 
rates. 
-Turn on the electrical heating elements of the gas preheating and of the reactor heating. The 
nitrogen flows and the reactor heating will heat up the reactor and the bed material. 

-When the reactor is at the desired temperature, readjust the nitrogen flows to the values 
desired for the experiment by the mass flow controllers. The temperature is kept constant in 
the reactor by the temperature controller. 
-Adjust the flows of natura 1 gas and pressurized air to the converter and light the bumer. 
-Open the cylinders with the reactive gas es needed for the experiment and reduce the 
pressure. 
-Adjust the different flow rates by the mass flow controllers. 

For experiments with coal combustion the start-up procedure is the same, only the fluidization 
gas flow to bed 1 will now be a mixture of N2 and air. When the reactor is at the desired 
temperature, the coal combustion is started with a small amount of coal. The amount of coal 
is gradually increased and the temperature of the inlet gas flow is gradually decreased, while 
the temperature in the reactor is kept constant. The temperature of the air flow is limited by 
the minimum temperature needed for the ignition of the coal particles. 

Shut down 
The following shut-down procedure can be applied. 
-Shut off the supply of the reactive gases so that only nitrogen flows to the reactor. 
-Switch off the electrical heating elements. 
-Shut off the supply of natural gas and air to the converter. 
-Keep the beds fluidized with the cold nitrogen flows so that the beds are cooled down 
quickly. 
-Shut off the nitrogen supply if the beds are sufficiently cooled down. 
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Chapter Ten: Safety 

In the description of the safetyaspects of the pilot plant, a systematically approach will be 
used to analyse these aspects. Based on these considerations safety measures will be 
suggested. These measures can be used to fill in the safety report. This report will be judged 
by the safety committee of CPT whether safe operation of the pilot plant can be ensured. 
Only af ter the approval of the safety report by this committee, the construction of the pilot 
plant can be started. 

10.1 Safety study 

A safety study in which a systematical analysis of the safetyaspects of the pilot plant is 
performed, is a Hazard and operability study (Hazop). A Hazop is a method for identifying 
hazards and problems which prevent safe and efficient operation of a plant. In this type of 
study, questions will be asked regarding all possible ways in which hazards or operating 
problems might arise. The results of a Hazop can be presented in a systematic way based on 
the guide words (none, more of less of, part of, more than, other than) together with the 
terms: deviation, possible causes, consequences and the action required. A Hazop is carried 
out by a team of specialists with an indepent chairman who is an expert in the Hazop 
technique, not the plant. 
The safety study which has been do ne for the pilot plant has been based on a Razop. In this 
safety study only the main parts of the pilot plant have been considered. In appendix 10 the 
results of this study are presented. 

10.2 Safety measures 

Based on the results of the safety study from appendix 10, a number of safety measures will 
be presented. In appendix 11 an extensive presentation of the safetyaspects of the gases will 
be given. In appendix 12 it is shown how these safety measures may be included in the safety 
report. 
The following safety measures are suggested: 

1 Protection system of the beds 
When in coal combustion experiments as a consequence of emergency cases the gases are 
blown out through the relief valve, the reactor may become overheated. When bed 1 is 
defluidized, the sorbent and ash particles may clot together. To prevent this undesired effect 
the beds must be fluidized with nitrogen. The electrical heating must be switched off so that 
the nitrogen will cool down the beds. If the pressure in the fluidization gas supply lines 
becomes below a certain value, the safety cylinder with nitrogen must be opened 
automatically so th at the nitrogen flow to the beds is continued. 

2 Pressure safety system 
The reactor and the converter are each provided with a pressure safety system. This system 
consists of an electrical and a mechanica I pressure safety device. Two different electrical 
devices are possible: (1) the use of pressure transducers in relation with the process computer, 
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in which the pressure safetyaction can be programmed or (2) the use of contact manometers 
which can be pres et to the maximum pressure and be connected to the control box. The 
electrical devices ensure that the electrical feed will be switched off when the pressure in the 
reactor or converter becomes too high. The magnetic valves in feed lines of the reactive gases 
are closed and the electrical heating is switched off. With the mechanica I relief valve too high 
pressures can be lowered by blowing gases out off the pilot plant into the atmosphere outside 
the 'Proeffabriek' . In appendix 9 relief valves are discussed. A flnal choice for the relief valve 
depends on the construction of the reactor and converter. Ca1culations of strength of the 
equipment determine the maximum allowable pressure. The choice of seats for the valve will 
be limited by the high temperatures. 

3 Temperature safety system 
Temperature will be measured to prevent any overheating in the feed section and the reactor. 
These temperature measurements are independent of the measurements for controlling 
purposes. If the preset temperature is exceeded, all the electrical heating elements will be 
switched off. 
A minimum temperature in the converter is required; in case the temperature has become 
below this minimum an alarm will be switched on. 

4 Valves 
Magnetic valves are included in the reactive feed gas lines. In emergency cases the electrical 
feed is disconnected by a signal produced by a process computer or the control box. The 
magnetic valves will prevent that reactive gas es will flow into the pilot plant. The nitrogen 
feed gas lines do not contain a magnetic valve since nitrogen will be used to keep the bed 
fluidized after a dangerous situation has arisen. 
Check valves are installed at the inlet of the reactor and of the converter to prevent travelling 
of a starting explosion back into the upstream section of the pilot plant (the reactor and the 
feed gas section). The check valves have to be equiped with seats which are resistant to high 
temperatures and suitable for low pressures. 

5 Downstream blockage protection 
Blockage of the downstream equipment can be detected by manometers up- and downstream 
the cyclone and the CaO-bed system. These manometers indicate the pressure drop over the 
equipment. 

6 Noxious gas leakage detection system 
The working place concentrations of CO, S02 and H2S in the environment of the pilot plant 
will continuously be checked by a gas monitoring system. A monitoring system which is used 
for another pilot plant in the Proeffabriek, consists of two independent section branches 
equiped with electrochemial measuring heads for detection of relevant gaseous species. In this 
optional system one measuring head for detection of the sulphurous compounds is convenient 
since the head will be practically equally sensitive to both S02 and H2S. In case of higher 
concentrations of a gas then a preset value, all reactive gas flows will be shut off by magnetic 
valves. As a warning for other people in the Proeffabriek, an alarm have to be switched on 
in case of too high concentrations. 

7 Red button 
A red button must be available to switch off the gas flows and the electrical feed. 
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Chapter Eleven: Cost estimation 

The estimation of the casts of the new pilot plant will be divided into two parts, 
estimation of the investment casts and estimation of the operating casts. 

11.1 Estimation of the investment costs 

In this estimation are included the costs of all the materials and equipment and the casts 
of the labor for constructing the pilot plant. 

The reactor, the cyclone, the conversion tube and the CaO-beds will all be made of the 
same material, Haynes HR-120. Based on the dimensions of this equipment, it is estimated 
that about 170 kg of this material is needed. The price will be about Hfl. 75,-/kg, sa the 
investment for the material will be Dfl. 12,750.-. 
All the connecting pipelines between the gas preheating elements, the reactor, the cyclone, 
the converter and the CaO-beds must also be made of a special material, resistant to 
oxidizing, reducing and sulphurous environments at high temperature. Casts are estimated 
to be about Dfl. 5,000.-. 
For all the other pipelines and connecting equipment and the storage box for the solids 
samples stainless steel is chosen, costs are estimated at Dfl. 5,000.-. 
The set-up from the heating elements to the CaO-beds should be well insulated. The 
insulation material is available in rolls of 0.622*7.32 m with a thickness of 26 mm and a 
density of 128 kg/m3

• When it is assumed that 4 layers are used, approximately 8 roIls of 
Dfl. 239,- each are needed, making the total investment for the insulation Dfl. 1,900.-. 

AD estimation of the costs of the valves and instrumentation is given in table 11.1, of the 
costs of other equipment in table 11.2. 

Table 11.1 Estimation of the costs of valves and instrumentation 

description price/item (Dfl.) number of items total (Dfl.) 

mass flow controllers 2,000 11 22,000 

safety valves 2,000 3 6,000 

check valves 500 6 3,000 

magnetic valves 500 5 2,500 

reducing valves 400 14 3,600 

balI valves 400 12 4,800 

pressure indicators 1,500 7 10,500 

manometers 300 13 3,900 

pressure switches 1,000 3 3,000 

thermocouples 4,000 
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Table 11.2: cost estimation of other equipment 

description equipment price (Ofl.) 

solids feed system 8,000 

reactor heating 3,600 

gas preheating 4,000 

control box 50,000 

soft-ware for control 10,000 

personal computer 5,000 

fan for solids sampling 2,000 

Only the cost of lab or of the 'Centrale werkplaats' (CW), where the reactor and other 
equipment will be made is estimated here. The making of construction drawings and the 
building of the pilot plant is done by people of the Laboratory of CPT. The costs are not 
calculated through to the project. One hour of labor at the CW costs Ofl. 30.-. The time 
needed for the construction of the reactor, the cyclone and the CaO-beds is estimated to be 
two months, or 320 hours, so the total costs for labor will be Ofl. 9,600.-. 

The total amount of investment costs are then about Ofl. 180,000.-. 

11.2 Operating costs of the pilot plant 

The main operating costs are the costs of the gases. In table 11.3 an estimation is given of 
the costs of the gases in an average experiment. The costs are calculated in Ofl. per hour 
experiment. 

Table 11.3: costs of the gases 

gas price (Ofl./Nm3
) total cost (Dfl./hour experiment) 

N2 0.50 26.1 

S02 80 2.5 

H2' 4.80 1.3 

CO' 80 21.2 

natural gas 0.26 0.08 

• Only H2 or CO is used, not both at the same time 
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The costs of the sorbent are, not included here, as there still is a storage of 500 kg. Coal is 
only used in a few experiments, so also the costs of the coal are not considered here. The 
costs of the limestone are about Dfl. 0.03 per hour experiment. 
The costs for electricity are mainly determined by the reactor heating and the gas 
preheating. The electricity costs will be about Dfl. 4.- per hour experiment. 

For an average experiment with regeneration with H2 the operating costs will be Dfl. 34.-. 
When CO is used as regeneration gas, the operating costs will be about Dfl. 54.-. 
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Chapter Twelve: ConcIusions 

The Interconnected Fluidized Bed pilot plant has been designed for the regenerative 
desulphurization of simulation gases containing S02 with the sorbent SGC-500 (partic1e 
diameter: 2.5 - 3 mm). It is possible to burn small quantities of coal in the pilot plant. This 
pilot plant ean also be used for the removal of H2S from fuel gases by a sorbent of MnO on 
y-Al20 3, although for th is process the gas costs will be very high. 

Very large amounts of nitrogen (maximum flow 67 Nm3/h) are needed in the pilot plant, as 
it is used as the main fluidization gas. Therefore N2 will be supplied from a large storage 
vessel. Air will be supplied by the local pressurized air system while all other gases (S02' H2' 
CO) are supplied from gas cylinders. A wide range of gas flows and compositions are 
possible. The fluidization gas flows (nitrogen, air) will be heated up eiectrieally by porous 
keramic elements which contain electrical wires. These elements are directly placed in the gas 
flow lines. The sum of the maximum heat inputs to the four fluidization gas flows is 19 kW. 
During experiments small quantities of coal or sand (for segregation experiments) can be fed 
continuously to the reactor with a screw conveyor system. At the end of the screw the solids 
will be blown by a cold nitrogen flow (5% of the total gas flow to bed 1) into the reactor. 
There will be no problems with this feed system concerning the disturbance of the bed. 

The choice of the dimensions of the reactor are based on model calculations and on the 
results from downsealing of the preliminary design of a 100 MW power plant. The choice for 
the four bed areas is based on a high ratio of the areas of bed 1 and 3 and On the minimum 
dimensions of bed 3. The chosen dimensions are for bed 1 0.14*0.14 m, bed 3 0.06*0.06 m, 
bed 2 and 4 0.06*0.14 m. A bed height of 0.3 m is chosen, with space to extend the height 
to maximum 0.6 m. The size of the orifices is variabie from 10 to 40 mmo The orifiee 
between bed 4 and 1 is just above the distributor, while the orifice between bed 2 and 3 will 
be at a height of 0.07 m. It is possible to dismantle the reactor so that the weir heights and 
the orifice diameter can be changed. The reactor and the downstream equipment will be 
constructed of an alloy which is resistant to oxidizing, reducing and sulphurous environments 
at high temperatures. The reactor will be provided with an electrical heating jacket for extra 
heat input (heat capacity 4 kW). The reactor and the downstream equipment will be insulated 
weIl so that excessive heat losses are prevented. Perforated plates with holes of 2 mm will 
be used as gas dis~ributors to ensure uniformly fluidized beds. There are sampling points for 
both gas and solids in each of the four beds. A small settling chamber will be used in the 
solids sampling method. The choice for the analyzing equipment is not treated in this design. 
A diameter of 0.3 mand a height of 0.6 m of the freeboard allows that partic1es larger than 
135 pm will return to the fluidized bed. 

In the off-gas treatment both dust and hazardous and environmental harmful components are 
removed. In this section first dust will be removed with a cyc10ne to prevent accumulation 
of dust partic1es which may cause blockage of the gas flow. The efficiency of the cyc10ne is 
expressed by the partic1e size at which 50% of the partic1es are collected. This partic1e size 
ranges from 6.7 to 9.7 pm. The combustible components (H2S, S2' H2' CO) will be 'converted 
in a tube with a diameter of 0.2 mand with a length of 0.5 m. The conversion will be earried 
out at a temperature of 900°C which is reached by burning of natural gas. The only sulphur 
compound in the gas flow is now S02 and will be removed in a fixed bed containing CaO. 
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Limestone is used as bed material. Optional is the removal of fine dust with a bag filter. The 
gas flow should first be cooled with a water cooler. Detailed design of the bag filter and the 
water cooler hasn't been done yet. 

The process control mechanisms must ensure a safe and stabie operation. Pressure, 
temperature and mass flow controllers are included in the pilot plant design. The pressure and 
the temperature of the feed gases and of the gases in the reactor will be controlled. Mass flow 
controllers will be used for the feed gases. The safety measures consists of a pressure and a 
temperature safety system to keep the consequences of an explosion in the pilot plant limited. 
In emergency cases the magnetic valves in the lines with the reactive gases will be closed and 
the electrical heating elements will be switched off. Nitrogen will be used to keep the beds 
fluidized until they are sufficiently cooled down. A safety cylinder with nitrogen will be 
available. The safety report has to be completed after consulting the safety committee. 

The investment COSts of the pilot plant are estimated at Dfl. 180,000.-. These investment COSts 
include most of the material and equipment, and the cost of the labor for constructing the 
pilot plant. The COSts of the analyzing equipment, the water cooler and the bag filter are not 
included. The operating costs are Dfl. 34 per hour experiment. 
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List of symbols 

Latin symbols 

A 
Ar 
B 
c 
C 
Cdor 
Cd 

Cp 
d,D 
Dooxf 

DooD 

E 
f 
g 
~G 

H 
k 

kc 
~ 
~ 
K 
L 
Ij 
mlf 
M 
M 
M 
n 
Np 
N 
Nor 
Nu 
o 
L\P 
P 
Pr 
q 
q( 
qs 
qj 

Qf 
Qs 

QL 

area 
Archimedes number 
width 
corrosion factor 
gas concentration 
orifiee constant 
discharge coefficient 
specific heat 
diameter 
diffusion coefficient of SOx in the film around the particle 
diffusion coefficient of sax in the shell of the particle 
welding factor 
friction factor 
gravity constant = 9.81 
Gibbs free energy 
height 
reaction rate constant 
mass transfer coefficient in the film 
shape factor of the particle 
surfaee based reaction rate constant 
equilibrium constant 
lenght 
jet lenght 
maximal loading factor 
mass 
molar mass 
mixing index 
number of rotor pockets 
number of particles 
number of revolutions 
number of orifices 
Nusselt number 
perimeter 
pressure drop 
pressure 
Prandl number 
molar CaO surf ace concentration 
number of sulfided fast exchangeable manganese sites 
number of sulfided slow exchangeable manganese sites 
number of Langmuir adsorption sites occupied by component i 
number of fast exchangeable manganese sites 
number of slow exchangeable manganese sites 
number of Langmuir adsorption sites 

m 
m 

mol/m3 

J/(mol.K),J/(kg.K) 
m 

m2/s 
m2/s 

m/s2 

kJ/mol 
m 

d.o.r." 
mis 

m3/(m 2.s) 
d.o.r." 

m 
m 

kg 
kg/mol 

re vis 

m 
Pa 
Pa 

mol/m2 

mol/msb
3 

mol/msb
3 

mol/msb
3 

mol/msb
3 

mol/msb
3 

mol/msb
3 
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Q heat flow/heat input W 

rj reaction rate for reaction number i moll(m/.s) 

rj 
net change in adsorption equilibrium for component j moll(m r

3.s) 

re unreacted core radius m 

rO particle radius m 

R gas constant = 8.314 J/(moI.K) 
Re Reynolds number 
Sc Schmidt number 
Sh Sherwood number 
t time s 

td thickness of the distributor plate m 

1w wall thickness m 

T temperature K,°C 

THD Transport Disengagement Height m 

u superficial velocity mis 
U heat transfer coefficient W/(m2.K) 
V volume m3 

W t theoretical work W 

x weight fraction w% 

z velocity ratio 
z distance m 

• d.o.r.: depending on reaction 
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Greek symbols 

a Cao conversion in bed 1 
al surface fraction Caso4 - Ca in bed 3 
~ surface fraction CaO - Ca in bed 3 
~ surface fraction Cas - Ca in bed 3 
af help variabie for diffusion of SOx through film 
aL heat transfer coefficient insulation-air 
as help variabie for diffusion of SOx through shell 
y specific heat ratio 
r pitch 
ö thickness of film layer around sorbent particle 
E bed voidage 
'l1 efficiency 
À. thennal conductivity 
À pitch of the screw 
f-l viscosity 
p density 
a b Stefan-Boltzmann constant 
at yield strength of the material 
1: residence time 
cp mass flow 
q,m molar flow 
q,v volumetric flow 
X stoichiometric constant 

Indices 

b bulk p 
c cyclone r 
ch settling chamber ro 
d gas distributor s 
env environment sb 
f film sc 
tb freeboard sh 
g gas so 

component st 
ins insulation u 
j flow t 
mf minimal fluidization O,i 
or orifice 

particle 
reactor 
rotor 
shell 
sorbent 
screw 
shaft 
solids 
steel 
outlet 
tenninal 
inlet 

s/m3 

w/(m2.K) 
s/m3 

m 
m 

W/(m*K) 
m 

Pa*s 
kglm3 

W/(m2.K4) 
Pa 

s 
kgls 

molls 
m3/s 

mol CaO/mol S03 
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Appendix 1: Modelling of regenerative desulphurization in an Interconnected 
Fluidized Bed (S02 removaQ 

The modelling of the regenerative desulphurization in an Interconnected Fluidized Bed 
consists of two parts: the modelling of the sorbent sulphation in bed 1 for which the 
SURE2 model is used, and the modelling of the regeneration in bed 3. These two mode Is 
are combined into an integral model for the desulphurization in an Interconnected 
Fluidized Bed. 

Modelling of the sorbent sulphation (SUlpher REtention, SURE) in a fluidized bed. 

This model is developed at the TU Delft and des cri bed by Wolff (1991), Schouten and 
Van den Bleek (1988) and Van den Bleek et.al. (1991). The combustion of coal is not 
considered here, while the inlet gas flow is a simulation gas containing S02 and 02' 

The following model assumptions are made: 

- An ideally mixed gas flow model (ISTR) is applied. 
- The solids are assumed to be ideally mixed; particles are spherical and of uniform size. 
- Attrition, elutriation and freeboard phenomena are not taken into account. 
- S03 is an important intermediate gaseous reactant in the sulphation reaction. The 
following reactions are assumed: 

and Cao + S03 - CaSO 4 

The S02 oxidation reaction is in equilibrium and the rate of format ion is high. 
- For the sorbent sulphation a shrinking unreacted core model is used. 

In the shrinking unreacted core model the sulphation rate is determined by th ree steps: 

1 Diffusion of the gaseous reactants (S02 and S03) from the gas bulk phase through 
a filmlayer to the outer surface of the particle. 

2 Diffusion of the gaseous reactants through the shell to the reaction front. 
3 Reaction of S03 with the CaO at the unreacted core surface. The CaO conversion 

rate is first order in the S03 concentration and in the total external reactive 
sorbent surface area. 

The conversion equation of one particle is then given by: 

Me = A1.l 
dt 

with the initial condition that re = rO at t = 0 and: 





Al.2 

Al.3 

where the index 'f' stands for film and 's' for the shell of reacted sorbent through which 
the diffusion must take place. All symbols are defined in the list of symbols. 
The film thickness, Ö, is calculated with: 

1 
~=---
~-~ 
D»xf ra 

The mass transport coefficient in the film, kc, is calculated with: 

with: 

antI 

The molar balance for S02 in an ISTR is: 

dCsm,l _ 0 1 4.7t.r;,CS02,l·Np' Vr 
Vg' dl -cI>,.(CS02,l-CS02,l)-· =0 

(1 +Kcq.JC02,l [ 1 +r;.«(f./+u.J] 
k:r.Kcq.JC02,l 

The ave rage CaO conversion in the reactor, a, is defined as: 

Al.4 

Al.5 

Al.6 

A1.7 





ModelIing of the sorbent regeneration 

The sorbent can be regenerated with H2 or CO. In industrial applications also a mixture of 
these gases produced by substoichiometric combustion of coal can he used. For the 
modelling it is assumed that the sorbent is regenerated with H2• In this case the following 
reactions can take place: 

1 k1 = 0.95 mis 

2 AG = -93.98 kJ/mol 

3 AG = -35.32 kJ/mol 

4 k4 = 0.005 mis 

Reaction 2 and 3 are assumed to be in equilibrium. The fonnation of CaS is undesirable 
because it decreases the available amount of active sorbent. The CaS fonned in bed 3 will 
be oxidized in bed 1 to Cao and Cas04, according to the reactions: 

5 Cas + 1.5 O2 - Cao + S02 

6 Cas + 2 O2 - Cas04 

It is assumed that 10% of the CaS reacts according to reaction 5, and 90% according to 
reaction 6. 

The active surface of a sorbent particle, the Ca surface consists of Cao, Cas and CaS04• 

alt ~ and a 3 are defined as: 

al = surface occupied by Caso 4 / total Ca surface 

~ = surface occupied by Cao / total Ca surface 

a 3 = surface occupied by Cas / total Ca surface 

For the model the following assumptions are made: 
- Both the gas and the solids are considered to be ideally mixed in the reactor. 
- The rates of the gas-solid reactions are first order in the gas concentration and in the 
outer surface of the particle. 
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Figure A1.l: Calculation outline of the 802 model 
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The ave rage a's over the bed are then calculated with: 

U3 = I-uI -u2 

q is the molar Ca surface concentration and is calculated with: 

d"b' p "b"~ea q = -'-"---.,;.-'--~ 
6.Mea 

Al.S 

Al.9 

Al.lO 

Al.ll 

These equations are combined with the mass balances of H, S and ° over the bed and the 
equilibrium equations of the reactions 2 and 3. 

The models for the sulphation and the regeneration can be combined. The calculation 
outline of the model is shown in figure Al. A program for these calculations has been 
written in Mathcad 2.5. The a obtained by the sulphation model is put into the regenera­
tion model, while al' a 2, a 3, obtained by the regeneration model are put into the 
sulphation model. The calculations are repeated until constant values of a, al' a 2 and a 3 
are obtained. 
The process input variables of this model are the superficial gas velocities in bed 1 and 
bed 3, Ui and u3' the inlet gas concentrations in bed 1 of S02 and 02' CS02, lO and Co2}, the 
inlet concentration of the regeneration gas, H2' CH2,3o in bed 3, and the sorbent flow 
through the IFB, epsb' A list of the input variables and their range is given in table Al. 
The design variables are the areas of bed 1 and bed 3, Al and A3' the bed height H, and 
the sorbent characteristics. As sorbent SGC-500 is used, its characteristics are shown in 
table A2. The output variables are the stack concentrations of all components. A list of the 
output variables and their range is shown in table A3. The parameters in the model are 
shown in table A4. Their value was calculated from literature data or estimated by fitting 
experimental data. 





Table Al: List of the input variables for the S02 retention model and their range 

variabie description range dimension 

Ul superficial velocity bed 1 1 - 2 mis 

U3 superficial velocity bed 3 1 - 2 mis 

Co2,l 
0 inlet O2 concentration in bed 1 0-5 mol % 

Cso2,l 
0 inlet S02 concentration in bed 1 300 - 1300 ppm 

Cu,30 inlet H2 concentration in bed 3 0-5 mol % 

cp sb sorbent flow through the IFB 0.5 - 5 gis 

Table A2: Characteristics of the sorbent SGC-500 

calcium content weight % 8.91 

pore volume ml/g 0.40 

porosity m3/m3 0.56 

density kg/m3 1400 

particle diameter mm 2.5-3 

minimum tluidization velocity at 850 °C mis 0.65 

Table A3: List of the output variables for the S02 retention model and their range 

1l=1~ d,-~cription range dimension 

Co2,l oudet O2 concentration bed 1 0-5 mol % 

Cso2,l oudet S02 concentration bed 1 50-800 ppm 

Cso2,3 oudet S02 concentration bed 3 0-1 mol % 

Cs2,3 outlet S2 concentration bed 3 0-1 mol % 

Ch2s,3 outlet H2S concentration bed 3 0-1 mol % 

Ch2,3 outlet H2 concentration bed 3 0-5 mol % 

Ch2o,3 outlet H20 concentration bed 3 0-5 mol % 





Table A4: List of the parameters in the model and their value at 850°C 

I~arameter description value dimension 

Ds02,r diffusion coefficient S02 in the film 7.53.10-7 m2/s 

DS02,s diffusion coefficient S02 in the shell 1.34.10-4 m2/s 

~ surface based sulphation rate constant 0.149 m3/(m 2.s) 

~ equilibrium constant S02 oxidation 0.548 (mollm3)-O.5 

kt reaction rate constant Caso 4 to CaO 0.95 mis 

k4 reaction rate constant CaSO 4 to CaS 0.05 mis 

AG2 Gibbs free energy of reaction 2 -93.98 kJ/mol 

AG3 Gibbs free energy of reaction 3 -35.32 kJ/mol 





Appendix 2: Modelling of a regenerative HlS removal process with alumina supported 
MnO. 

In this appendix the modelling of the second process to be investigated in the pilot plant will 
be discussed. The H2S process is developed for removing H2S and COS at high temperatures 
(675-1075 K) from fuel gas es produced by a coal gasifier. As acceptor MnO/y-Al20 3 is used. 
The sulphidated material is regenerated with steam at the same temperature and pressure. The 
possibilities of th is process were investigated by Wakker (1992). He developed a kinetic 
model to describe his experimental results on sulphation and regeneration of this sorbent. His 
model was used as the basis for the model developed here. 

The following model assumptions are made: 
- The gas flow and the solids are considered to be ideally mixed in each bed. 
- The reaction rates are first order in the gas concentrations of the reacting components and 
in the number of active sites on the sorbent. 
- According to Wakker there are no diffusion limitations 

The reactions th at can take place during sulphation and regeneration are discussed in more 
detail now. 

1 sulphation of the acceptor 

In fact two reactions have to be considered: a reaction of fast exchangeable manganese sites 
and a reaction of slow exchangeable manganese sites with H2S. The fast exchangeable sites 
are on the surface of the acceptor, while the slow exchangeable sites are situated below the 
surface and will diffuse out of the alumina support to the acceptor surface. The equilibrium 
constant, K.. is about 1 at 875 K. This means that it is possible to regenerate the acceptor with 
steam but also that any water in the feed will have a negative effect on the removal of H2S. 
Also the removal will never be 100 % because of the equilibrium. The reaction rate constant 
for the forward reaction is kf, the reaction rate of the forward reaction is r1 and for the 
backward reaction r2• These are calculated with: 

A2.1 

k 
r =...1..·e .q ·(l-e) 

2 K 1120 I 
I 

A2.2 

The equilibrium constant for the slow oxygen-sulfur exchange is K,., the reaction rate constant 
for the forward reaction is ~. Ks is equal to K.., while kf is much larger than kso The reaction 
rate of the forward reaction is r3, the reaction rate of the backward reaction is r4• They are 
calculated with: 
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2 water gas shift reaction 

k, 2 r = _.q .(Q -q:\ ·(l-e) 
4 )( , I ~ , 

A2.3 

A2.4 

As CO reacts with H20, it improves the removal of H2S. The high CO concentration in the 
fuel gases of the Shell coal gasification process will have a positive effect on the removal of 
H2S. H2 and CO2 will have a negative effect. The dependency of the H2S removal on the CO 
and H20 concentration were both determined by Wakker (1992). ~gs is the equilibrium 
constant of the water gas shift reaction, while ~gs is the reaction rate constant of the forward 
reaction. r5 is the reaction rate of the forward reaction, while r6 is the reaction rate of the 
backward reaction. They are calculated with: 

A2.5 

A2.6 

3 formation of COS 

Although this reaction has a low equilibrium constant, the COS formation can be considerable 
when the CO concentration is high. Kcos is the equilibrium constant of this reaction, while 
kcos is the reaction rate constant for the forward reaction. r7 is the reaction rate of the forward 
reaction and r8 is the reaction rate of the backward reaction. They are calculated with: 

A2.7 

A2.8 

4 reaction of COS with the acceptor 

MnO + COS ++ MnS + CO 

The reaction of COS with the acceptor is faster than the reaction of H2S with the acceptor. 





When the amount of COS formed is considerable, this reaction will be important. ~cos is the 
equilibrium constant of this reaction, while kr,cos is the reaction rate constant of the forward 
reaction. The reaction rate of the forward reaction is r9, of the backward reaction r1O" They are 
caiculated with: 

A2.9 

k,cos r __ Jo_, -·e .q ·(l-e) 
10- K cm I 

/.cos 
A2.l0 

The reaction of COS with H 20 : 

is very fast, but will play a minor role because of the low concentrations of COS and H20 
in bed 1. Wakker left this reaction out of his model. Incorporation of this reaction in the 
model has very little influence on the calculations, unless the COS concentration is high. Kcosr 
is the equilibrium constant of this reaction, while kcosr is the reaction rate constant of the 
forward reaction. The reaction rate of the forward reaction is ru while the reaction rate of the 
backward reaction is r12• They are calculated with: 

A2.ll 

A2.12 

5 Langmuir adsoption 

Competitive Langmuir adsorption of CO, H2S and H20 on the surface manganese sites will 
occur. The influence of CO2 and H2 is neglected. 

MnO + CO - MnO.CO 

The equilibrium constants are Kco, KH2S and KH20 respectively. QL is the total number of 
availabie Langmuir sites, while qco, qH2S' qH20 represent the number of Langmuir adsorption 
sites occupied by CO, H2S and H20 respectively. If equilibrium is assumed, qco, qH2S and qH20 
can be calculated with: 





A2.13 

A2.14 

A2.1S 

The net changes in the adsorption equilibria are calculated from the differences in qco, qH2S 
and qH20 between the beds. For example for bed 1: 

A2.16 

A2.17 

A2.18 

We can now set up the mass balances for each component (IN - OUT = CONVERS ION) , 
assuming that all beds are ideally mixed for the gas and the solids. 

Mass balance H2S: 

A2.19 

Mass balance H20: 

A2.20 

Mass balance CO: 

o "'v -(Cco - C ,= (r -r + r - r. \ ·e . V + r 'I' , COl 5 6 7 8' r CO 
A2.21 

Mass balance CO2: 

A2.22 
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Mass balance H2: 

A2.23 

Mass balance COS: 

A2.24 

Mass balance fast exchangeable manganese sites: 

A2.25 

Mass balance slow exchangeable manganese sites: 

cI>,sb _.(q -q \=(7 -r\·V p. ~,ÛI ~puY 3 <V r 
A2.26 

These mass balances should be set up for all the four beds separately. However it is assumed 
that in bed 2 and bed 4 no reactions will occur as these beds are fluidized with pure nitrogen. 
Only Langmuir desorption of CO, H2S and H20 will occur, and simplified mass balances for 
these components are used. For the model a program has been written in MathCad 2.5. The 
calculation outline of the model is shown in figure A2.I. The input variables are the 
superficial gas velocities in each bed, the inlet concentrations of each component in each bed 
and the sorbent flow through the IFB. The output variables are the outlet concentrations of 
each component in each bed. The design variables are the areas of each bed, the height of the 
IFB and the characteristics of the sorbent. The characteristics of the sorbent used by Wakker 
are shown in table A2.I. The values of the different parameters used by Wakker in the kinetic 
model are given in table A2.2. The equilibrium constants were calculated with thermodynamic 
data or found in the literature. The parameters kr' k", ~gs. kcos, kr,cos> Qr. Qs' QL and Kco were 
estimated by fitting experimental data. 

Table A2.1: Characteristics of a sorbent of MnO on Al20 3 

manganese content weight % 7.1-8.25 

surface area m2/g 180-200 

average pore diameter nm 4-5 

particle diameter mm 0.25-0.42 

minimum fluidization velocity mis 0.03 





Table A2.2: Description and va lues of the parameters in the kinetic model for the removal 
of H2S. 

parameter description value dimension 

Kr equilibrium constant sulfur exchange 1 -
kc reaction rate constant fast sulfur exchange 0.4 mg

3j(mol.s) 

k,. reaction rate constant slow sulfur exchange 7.10-7 mr3j(mol.s) 

~g:s equilibrium constant water gas shift reaction 2.54 -
kwg:s reaction rate constant water gas shift reaction 0.4 mg

3j(mol.s) 

Kcos equilibrium constant COS formation 0.054 -

kcos reaction rate constant COS formation 0.4 mg
3j(mol.s) 

Kr,cos equilibrium constant COS exchange 6 -

kc,cos reaction rate constant COS exchange 0.4 mg
3/(mol.s) 

Kcosr equilibrium constant reaction COS with H20 1018 -

kcosr reaction rate constant reaction COS with H20 104 mg
3j(mol.s) 

KH2S equilibrium constant Langmuir adsorption H2S 1.36 mg
3/mol 

Kmo equilibrium constant Langmuir adsorption H20 12.36 mg
3jmol 

Kco equilibrium constant Langmuir adsorption CO 10 mg
3jmol 

Qf number of fast exchangeable manganese sites 676 mol/ms
3 

Qs number of slow exchangeable manganese sites 469 mol/ms
3 

QL number of Langmuir adsorption sites 290 mol/m/ 





Appendix 3: Equations for calculating the terminal and the minimal fluidization 
veloeities and the bed voidage. 

In this appendix some equations are given for calculating fluidization properties of particles 
and the bed voidage. Numerous, most empirical, equations are available (see for example 
Geldart (1986)). The equations which were used in th is report are given here. 

The terminal fluidization velocity of a particle is the gas velocity at which the particle is 
dragged along with the gas. Howard (1989) gives the following equations for different ranges 
of Re,: 

Ret<O.4 

O.4<Ret<500 [ 
2 2]1/3 = --±- (pp -P,) .g d 

Ut' • p 
225 Pg'~g 

500 < Ret < 200000 U.=[3.1.g.(P:,-P,l.dp r 
The terminal Reynolds number Re, is equal to: 

Re = pp.ut.dp 
t 

~g 
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A3.4 

The minimum bed voidage, Emf and the mInimum fluidization velocity, Umf should be 
determined experimentally. When th is is not possible the following equations can be used: 

A3.5 

For the calculation of Umf first the Archimedes number Ar is calculated: 

A3.6 

umf is then calculated with an equation given by Goroshko: 





~g Ar 

"mI= dp'P
g

' [ [1 e 1 [ r.s] 
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The bed expansion H/Hmf is calculated with a equation given by Babu (1978): 

14 314 ( _ ,0.738 dl.(106 0.376 
H .."""". p .pp - = 1 +-----=------=.-----=.-

H 0937 0.126 
mi "mi . P g 

The bed voidage is calculated with the bed expansion: 

Hml e = 1-(I-e",).-
H 
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Appendix 4: Segregation of ash and sorbent 

The anorganic components in the coal will remain after the coal has been bumed. These 
anorganic residus are partly removed as fly ash, small particles which are carried along with 
the gases and are collected in the cyclone. Bigger ash particles will stay in the bed. To avoid 
accumulation of ash in the system, the ash will have to be separated from the sorbent particles 
and removed. When the ash particles differ in size and density they can be separated from 
the sorbent particles by segregation. Bed 2 is used for this purpose. When the particles are 
bigger and heavier than the sorbent particles, the ash will sink, and can be removed at the 
bottom of the bed. For experiments without coal combustion in the pilot plant the ash can be 
simulated with sand particles. 
A measure for the effectivity of the segregation is given by the mixing index M. When the 
bed is completely mixed, the ash fraction in the toplayer is the same as in the rest of the bed. 
The mixing index is 1 in this case. If there is no ash in the toplayer at all, the segregation is 
complete and the mixing index is o. The mixing index is a function of the fluidization 
velocity in bed 2 and of the fluidization properties of the ash and the sorbent. The mixing 
index is defined as: 

M=_l_=x 
l+e-Z: i 

In th is equation z is the velocity ratio defined by: 

A4.1 

A4.2 

uTO is the takeover velocity, which is defined as the velocity at which the mixing index is 0.5. 
It is given by: 

[ ]

1.4 

Uro =[UmfllSh ]1.2 +0.9.[ Pash _1]1.l.[
dash r·7 
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umf"JIJ umf"JIJ P:Jb d.Jb 

x is the weight fraction ash in the toplayer, while x is the average weight fraction ash in bed 
2 and is calculated as: 

A4.4 

The height of the ash layer is calculated with: 

-1 x x -----
I-x I-x A4.5 
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Appendix 5: Modelling of the solids flow and the gas leaks through the oritices 

The Interconneeted Fluidized Bed (IFB) consists of four beds, whieh are conneeted in sueh 
a way that the sorbent particles are cireulating through the system. When bed 1 and 3 are lean 
beds, and bed 2 and 4 dense beds, the sorbent can be transported from bed 1 to bed 2 and 
from bed 3 to bed 4 over a separating weir, and from bed 2 to bed 3 and from bed 4 to bed 
1 through an orifiee in the wall. For the proper operation of bed 1, desuiphurization of a gas 
flow, and bed 3, the regeneration of the sorbent, it is important to control the flow rate of the 
sorbent through the IFB. 
In the control of the cireulation rate of the solids three phenomena are important (Fox et 
al.,1989): 
- the vertical resisting force to the flow in eaeh bed due to the friction of partic1es with the 
walls 
- the horizontal resisting force due to the contraction of the flow of the gas-solids mixture in 
the orifice 
- the gas flow through the orifiee, whieh is an undesired effect and therefore called gas leak 

In a fluidized bed the friction of particles with the wall will be negiegibIe, so the sorbent flow 
from adense fluidized bed to a Iean fluidized bed through an orifiee depends only on the 
resisting force of the orifiee. In the pilot plant th is is the case for the sorbent flow from bed 
2 to bed 3, because both beds are fluidized. For this case a model was developed by Korbee 
et al.(1991). 
The driving force is the pressure drop over the orifiee. When the heights of the two beds and 
the pressure above the beds are equal, the pressure drop over the orifiee ~p 023 can be 
caleulated with: 

-. A5.1 

with H = height of the bed 
H023 = the height of the orifiee in the separating wall between bed 2 and bed 3. 

For the sorbent flow through the orifiee from bed 2 to bed 3 the following equation is 
derived: 

= area of the orifiee 
= diameter of the orifiee 
= shape factor of the particles 
= discharge eoefficient 

~ is taken to be 3.6 and Cd is taken to be 0.5. 

A5.2 

Jones and Davidson divide the gas leak through the orifiee into two eontributions: an amount 
of gas having the particle velocity and a surplus amount having a slip velocity relative to the 
partic1es. fThey derived the following expression for the total gas flow through the orifiee: 
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Figure A5.I: Influence of the superficial gas velocity 
on the vertical resisting forces in a defluidized bed 
at different solids flows (Fox, 1989) 
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It is difficult however to control the solids flow through the IFB with this orifice. It is seen 
that the sorbent flow can be adjusted by varying the superficial velocities in bed 2 and bed 
3 or varying the orifice diameter. Varying the orifice diameter in a plant at 850 oe is very 
difficult. The superficial velocity in bed 2 is used to control the segregation, while the 
possibilities of adjusting the sorbent flow by varying the superficial velocity in bed 3 are 
limited. The orifice diameter between bed 2 and bed 3 should not be chosen too small to 
prevent the sorbent flow is limited by this orifice. The orifice diameter should not be too big 
neither to prevent excessive gas leaks. 

As said before the vertical resisting forces are not important in fluidized beds. When the bed 
however is defluidized, they are important. As seen in figure AS.1 (Fox, 1989) the vertical 
resisting force in a defluidized bed decreases with increasing superficial velocity in the bed, 
so the solids flow will increase with increasing superficial velocity. Fox (1989) conc1uded that 
control of the sorbent flow can be do ne by varying the superficial velocity in a defluidized 
bed. In the pilot plant bed 4 will be operated in this way. 

The following model is used for predicting the gas leak at a certain solids flow when the bed 
is at minimum fluidization conditions. At minimum fluidization conditions the solids flow is 
assumed to be maximal. When the superficial velocity is decreased at this point the vertical 
resisting forces increase. When the superficial velocity is increased, the pressure drop over 
the orifice and thus the solids flow through the orifice decreases (this is the region where the 
model derived for the orifice between bed 2 and bed 3 becomes va lid). It is assumed that both 
in the bed and in the orifice the voidage is equal to the minimum bed voidage. The absolute 
partic1e velocity through the orifice can then be calculated from the sorbent flow: 

A5.4 

with ~1 = surface of the orifice in the wall between bed 4 and bed 1 

The downward partic1e velocity in bed 4 is also calculated from the sorbent flow: 

A5.5 

The absolute gas velocity in the bed is then: 

Uml u =--u 
gcu € $ 

mf 
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The pressure drop ~p 041 over the orifice is calculated with: 

A5.7 

With the equation of Ergun the horizontal slip velocity of the gas in the orifice Uhor is 





calculated: 

&P 041 =A~.5.[150.[_1 -lr· ~: .uhor + 1.75.[_1 -ll·~·u!"'l e"" d. e"" d. 

The gas leak cpv 41 through the orifice is calculated with: 

4>v41 =A041.e".,.(uhor + u.> 

Finally the superficial velocity u4 for bed 4 can be calculated: 

cl»g41 
"4 = up.e"" + A 
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Appendix 6: Estimation of the capacity of the reactor heater 

In this appendix the heating of the reactor at the start-up and the needed capacity of the 
reactor heater are discussed. It is assumed that at the start-up the reactor is heated with a 
nitrogen flow with a temperature of 850 oe and with a reactor heater with capacity QH' 
The temperature rise of the reactor material and the bed material are calculated. The 
following equations were used. 
The heat balance for the reactor material (Haynes HR-120) is described with: 

äI'. Tg,l + Tgp Ä. A61 
M •. Cp",,'- =U.!f.A.,1'( -T) --.A.!f,a.(T.!f-T~ -QL -QR+QH . m 2 ~ 

The left hand term is the accumulation of heat in the reactor material, while the first right 
hand term is the convective heat transfer from the gas and the particles to the reactor wall 
and the second term is the heat loss to the freeboard. QL is the heat loss through the 
insulation, QR the radiative heat transfer from the particles to the reactor wall and QH the 
heat input from the reactor heater. 
The heat balance over the bed material (sorbent) is: 

M ·e . äI'w =U .A .(Tg,l+Tgp -T, '-Q 
w p,1»tl m W W 2 betJI R 

A6.2 

The left hand term is the accumulation of heat in the bed material, the right hand term is 
the convective heat transfer from the gas to the bed material. 
The heat balance over the nitrogen flow is: 

T +T T +T . 
cl»v·C '(T - T '\ = U'A .( g,l gp - T , + U 'A '(',1 lP - T, , A6.3 

112 p"n2 ,,1 gpl ...,1. 2 .ttJ W W 2 betJI 

The left hand term is the cooling of the nitrogen flow, while the right hand terms are the 
convective heat transfer from the gas to the reactor material and to the bed material. 
QL is the heat loss through the insulation to the environment and is calculated with: 

A6.4 

aL is the film heat transfer coefficient for the heat transfer from the outside of the 
insulation layer to the surroundings by natural convection and radiation and was estimated 
from Perry (1984). QR is the radiative heat transfer from the bed material to the reactor 
material and is calculated with: 

A6.5 

The convective heat transfer coefficients are calculated with the following equations, 
which were taken from PeIl (1990). The heat transfer coefficient Ust is for the convective 
heat transfer from the gas and the particles to the reactor wa lIs and is calculated with: 
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Figure A6.I: Heating of the bed material and the reactor 
material without a reactor heater. 
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Figure A6.2: Heating of the bed material and the reactor 
material with a reactor heater with a capacity of 4 kW 
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A6.6 

The heat transfer coefficient Ubcd is calculated with a Nu equation: 

Nuw =2.0 + 1.3 ·PrO.1S +0.66 ·PrO.31.~;.s A6.7 

with: 

A6.S 

Remarks: 
- The heat conduction to the freeboard can only be estimated. It is assumed that the 
temperature of the freeboard is 0.9 times the reactor temperature. The freeboard itself is 
also weil insulated and is heated by the nitrogen flow and by heat conduction from the 
reactor. 
- Average values have been taken for the specitic heats and the thermal conductivities. 
- For the properties of nitrogen the values at 1123 K have been taken. 

In Table A6.1 the parameters in the equations and their values are given. 

The differential equations A6.1 and A6.2 were integrated with a simulation program, 
PSIIc. In figure A6.1 the simulation is shown when there is no additional reactor heating, 
in figure A6.2 when there is a additional heating with an input of 4 kW. We see from 
picture A6.2 the reactor will be at the desired temperature within half a hour. As th is is an 
acceptable time it is concluded that a reactor heater with a capacity of 4 kW is sufficient. 





Table A6.1: parameters in reactor heating equations and their values 

parameter description value dimension 

U st heat transfer coefficient gas-steel 19.4 W/(m2.K) 

U bed heat transfer coefficient gas-bed 178 W/(m2.K) 

~t,i inner reactor steel area 0.98 m2 

~t,o outer reactor steel area 0.5 m2 

~ bed area 4.7 m2 

À-ins thermal conductivity insulation 0.20 W/(m.K) 

"'st thermal conductivity steel 17 W/(m.K) 

Mst mass of steel 36 kg 

Mbed mass of bed 11 kg 

Cp,st specific heat of steel 600 J/(kg.K) 

Cp,bed specific heat of sorbent 964 J/(kg.K) 

Cp,n2 specific heat of nitrogen 1142 J/(kg.K) 

<I>n2 mass flow of nitrogen 0.0194 kg/s 

dins insulation thickness 0.075 m 

lst distance reactor-freeboard 0.3 m 

/-ln2 viscosity nitrogen 4.6*10-5 Pa.s 

"'n2 thermal conductivity nitrogen 7.17*10-2 W/(m.K) 

Pn2 density nitrogen 0.3 kg/m3 

dp particle diameter 2.5*10-3 m 

dh hydraulic diameter steel plate 0.17 m 

~t,a cross-sectional area steel 0.0048 m2 

Tg, i inlet gas temperature 1123 K 

Tg,o outlet gas temperature calculated K 

Tst steel temperature calculated K 

Tbed bed temperature calculated K 

Tfb freeboard temperature 0.9*Tst K 

Tenv environment temperature 298 K 

Pb Stefan-Boltzmann constant 5.8*10-8 W/(m 2.K4) 

aL heat transfer coefficient insulation-air 10.4 W/(m 2.K) 





Appendix 7: Design procedure for the gas distributor 

This procedure starts with a suggestion for a minimum distributor to bed pressure drop ratio 
M JMbed which may be used in the actual design procedure of the distributor. The basis of 
this design is formed by the choice of the ratio uluor (u is the superficial gas velocity and uor 

is the gas velocity through the orifices) which defines the open area in the perforated plate. 
With the value for this ratio the distributor to bed pressure drop ratio L\PiMbed and the 
number of orifices can be estimated. For the final design of the distributor the distribution of 
the holes over the plate area will be calculated. For the maximum gas velocity the penetration 
jet length will be calculated to check possible channeling of the gas through the bed. 

1 Estimation of the minimum pressure drop over the distributor L\P d 

Sathiyamoorthy and Rao (1981) suggested a procedure to estimate the minimum pressure drop 
over the distributor L\P d. The first step is to estimate the terminal velocity of the particle Ut 

with equation A3.2 (appendix 3). The minimum fluidization velocity Umf = 0.65 mis. The 
superficial gas velocity at which all orifices become operative in an uniformly fluidized bed, 
UM is estimated with: 

= 2.84 mIs A7.1 

It is now possible to calculate the minimum distributor to bed pressure drop ratio L\PJMbed 
using the equation: 

= 0.16 A7.2 

Calculation of the distributor to bed pressure drop ratio L\P cl L\Pbed 

To calculate the distributor to bed pressure drop ratio L\P i M bed a choice have to be made for 
the value for the ratio uluor which defines the open area in the distributor plate. A value of 
about 2% for this ratio is commonly found. The maximum value is 10%. 
For both the minimum and the maximum superficial gas velocity the distributor to bed 
pressure drop ratio L\P JMbed will be calculated. If the boundaries of the range for this ratio 
are not satisfying, another choice will be made for the ratio u/uor" The ratio L\Pd/Mbed may be 
limited by the value of about 0.5. Higher values mean excessive pressure drops over the 
distributor . 

The bed pressure drop ~Pbed can be calculated for both superficial velocities with: 

IlPIMd =(1-€IMd)\pp -Pg)·HIMd·g A7.3 

where Ebed is the bed voidage 
Hbed is the bed heigth = 0.5 m 





The pressure drop over the distributor M> d for both cases can be detennined by: 

2 u .p 
/lP

d
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A7.4 

where Cdor is the orifice constant which may be estimated using a relation of Qureshi and 
Creasy (1979) in which the value for Cdor depends on the orifice diameter dor and the 
plate thickness td: 

{ t 1°
013 

Cdor =0.82 d: A7.5 

This relation may only be used for td/dor > 0.09. 

Determination of the number of orifices Nor-
The number of holes Nor per unit area of distributor can be detennined using: 

u 4 N =4· .-
or 0.12 1t 

1t vor·Uor 

A7.6 

For a bed area Abeel' the actual number of holes Nor· can then be detennined by: 

A7.7 

Two different distributions of the orifices over the plate area will be calculated here. If the 
holes are a triangular pitch r, the number of holes per unit grid area is 2/(v3*r2

) and for a 
square pitch 1;r2. It is now possible to derive arelation between r, bed area Abeel and Nor· 
(Mell (1990)): 
triangular pitch: 

square pitch: 

_ ( 2 . AbfdJOOS r- ---
.f3 N:r 

A7.8 

A7.9 

The pitch r is between the center of a hole and the center of the hole next to it. It does not 
make any difference which distribution of orifices will be chosen for the final design of the 
distributors. 





To calculate the penetration jet length ~, Merry (1975) suggested the following equation: 

A7.10 

Results of the gas distributor calculations 
In table A7.1 the results of the gas distributor calculations are shown. The gas velocity 
through the orifice at maximum conditions is in all the four beds below the suggested 
maximum value for this velocity (uor = 80 - 90 mis). The designs for the gas distributors 
proposed in table A7.1 are all limited by this velocity. 
For all four beds the minimum value for the ratio i\P Ji\PbeAJ is somewhat below the minimum 
value proposed at the beginning of the design procedure (APJAPbeAJ = 0.16). Although the 
maximum values for AP jAPbeAJ have been limited in the choice of the fraction open area, they 
are above the suggested maximum value for the distributor to bed pressure drop ratio 
(APJi\PbeAJ = 0.5). 
The choices for u/uor can be verified by taking a higher and a lower value for these ratios. A 
higher value for u/uor means that APJi\PbeAJ becomes higher. This means that the under limit 
of the range for AP jAPbeAJ becomes more satisfactory but the upper limit becomes less 
satisfactory. A lower value for u/uor means that i\PJAPbeAJ becomes lower. 
The values for the jet length show that channeling caused by jet penetration will not occur 
in the IFB. Only the danger for attrition of the sorbent particles caused by a high jet velocity 
may limit this velocity into the fluidized bed. 
The results of the gas distributor calculations for bed 2 in case the orifice diameter has been 
chosen smaller, are also shown in tab Ie A7.1. The intention to do these calculations is to 
check the influence of this diameter on the design calcualtions. From this table it can be se en 
that the pressure drop over the distributor will decrease for a distributor with the same open 
area but with more and smaller orifices. This conclusion may only be valid for certain ranges 
of orifice diameters since for substantial changes in this diameter, this conclusion is not 
expected at all. The value for the pressure drop over the distributor depends on what kind of 
relation has been used to describe the orifice constant Cdor" The reason to do these 
calculations for bed 2 is that in this bed segregation experiments may be set up with sand 
particles with a smaller diameter than the sorbent particles. Only for substantial smaller 
particles problems with possible drainage through the orifices are expected. Thus only when 
very small sand particles are used for segregation experiments, the gas distributor with orifices 
of 1 mm may have to be chosen. The simulation of bottom ash with such small sand particles 
will become far from reality. A distributor with orifices of 2 mm will be used for segregation 
experiments under normal conditions. 





Table A7.1: The results of the gas distributor calculations for each of the four beds 

I Bed I1 #1 and #3 I #2 (dor=l mm) I #2 (dor=2 mm) 1#4 I 
u/uor: 0.023 0.014 0.014 0.012 

Nor (#/m2
) 7322 17826 4457 3820 

Nor· (#) 144 and 27 150 38 33 

Minimum 

u (mis) 1 0.65 0.65 0.65 

Mlbed (Pa) 2960.4 4210.6 4210.6 4210.6 

Mld (Pa) 352.2 335.4 401.6 490.5 

Mld/Mlbed 0.12 0.080 0.095 0.13 

uor (mis) 43.5 46.4 46.4 54.2 

Maximum: 

u (mis) 2 1.2 1.2 1 

Mlbed (Pa) 1964.2 2648.7 1964.2 2960.4 

Mld (Pa) 1408.6 1143.0 1368.7 1293.7 

MlJM>bed 0.72 0.43 0.52 0.44 

uor (mis) 87.0 85.7 85.7 83.3 

Ij (m) 0.012 0.012 0.012 0.012 

triangle: r (m) 0.0125 0.0080 0.0160 0.0170 

square: r (m) 0.0117 0.0075 0.0149 0.0160 





Appendix 8: Solids reed systems 

In this appendix two solids feed mechanisms: the rotary valve and the screw conveyor will 
be compared. Calculations have been set up to estimate the dimensions of these mechanisms. 
Based on these calculations a suggestion will be made for the most suitable solids feed 
system. 

Rotary valve 
In figure A8.1 a schema tic drawing of the solids feed system using a rotary valve, is 
presented. With a air lock gas es are prevented to leak into the hopper bed. The solids fall into 
the pneumatic conveying line and are fed to the reactor. Woodcock (1987) suggested a simple 
design procedure for the dimensions of the rotary valve. The number of revolutions N can be 
determined by the equation: 

where CPso is the solid mass flow (kgls) 
Pb is the bulk density (kglm3

) 

n is the number of rotor pockets 
V is the volume of one rotor pocket (m3

) 

AB.1 

This equation has been based on the assumption that the rotor has such a small speed that the 
rotor pockets will fill completely with solids with a bulk density Pb' The total volume of the 
rotor n*V can be estimated using the equation: 

where Dro is the diameter of the rotor (m) 
Dm is the diameter of the shaft of the rotor (m) 
Lro is the length of the rotor (m) 

AB.2 

In equation A8.2 it is assumed that the walls of the rotor pockets have a neglectable volume. 
Only the shaft has been taken into account as its volume cannot be fiUed up by solid partic1es. 
In tab Ie A8.1 the characteristics of the solids are presented. These characteristics have been 
used for the rotor calculations. In these calculations the number of revolutions will be 
determined for the different mass flows from table A8.1. 

Table A8.1: Characteristics of the solids 

solid: coal sand 

Pb (kglm3
) 840 1500 

range cp so (gis) 0.04-0.4 0.01-0.1 

Two rotor configurations are presented in table A8.2. The results of the calculations for these 
two configurations are presented in table A8.3. 
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Table A8.2: Characteristics of the rotor 

I rotor configuration I1 
1 

1
2 I 

OIO (m) 0.03 0.018 

Dsh (m) 0.004 0.003 

Lro (m) 0.015 0.01 

n*V (m3
) 1.04*10-5 2.5*10-6 

Table A8.3: Results of the rotor calculations 

rotor 1 rotor 2 

<Pso (gis) N (rev/s) N (rev/s) 

coal 0.04 0.0046 0.0193 

0.4 0.0457 0.1925 

sand 0.01 0.0006 0.0027 

0.1 0.0064 0.0270 

Screw conveyor 
In figure A8.2 a schema tic drawing of the solids feed system using a screw conveyor, is 
presented. The solids fall into the pneumatic conveying line and are fed to the reactor. 
Woodcock (1987) suggested a design procedure for the dimensions of the screw. The number 
of revolutions Nare determined by the equation: 

where mlf is the maxima 1 loading factor 
r is the pitch (m) 
Osc is the diameter of the screw (m) 
Osh is the diameter of the shaft (m) 

A8.3 

In th is equation the flow area of the screw ~ is expressed by 0.25*rt*(Dsc2-DSb2). The bulk 
area Ab can then be expressed by ~ *mlf. The value for mlf has been chosen as low as 
possible to avoid unnecessary attrition. A minimum value for mlf is 0.15 (Woodcock, 1987), 
and this value has been used in the screw conveyor calculations. 
In these calculations the number of revolutions will be determined for the different mass 
flows and solids characteristics from table A8.1. 
Two screw conveyor configurations are presented in table A8.4. The results of the calculations 
for these two configurations are presented in table A8.5. 
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Table A8.4: Characteristics of the screw 

screw con Dsc(m) r (m) ~(m) 

1 0.025 0.004 0.025 4.8*10'" 

2 0.015 0.003 0.015 1.7*10'" 

Table A8.5: Results of the screw calculations 

screw 1 screw 2 

q,so (gis) N (rev/s) N (rev/s) 

coal 0.04 0.0266 0.1248 

0.4 0.2655 1.2475 

sand 0.01 0.0037 0.0175 

0.1 0.0372 0.1746 

Comparison of the two solids feed system 
The results of the rotor calculations, presented in table A8.3 show that the rotor will have 
very small dimensions and a rather low rotor speed because of the very small feed flows to 
the reactor. As can be se en from table A8.5, more reasonable values for the dimensions and 
the screw speed have been found. Based on the values for the dimensions, the screw conveyor 
may be used for solids feed flow control. Based on the results from table A8.5 it has been 
chosen for screw 2. This screw configuration gives reasonable values for the number of 
revolutions so that its speed can be controlled rather easily. 
Constructors of screw conveyors supply complete units i.e. the screw together with the hopper 
and the driving gear system. A constructor who supply precision screw conveyor units is 
Gericke Solids Handling b.v. from Hoevelaken. In these units the screw can easily be replaced 
so that for each mass flow range the most suitable screw can be used to obtain as accurate 
as possible flow control. The driving gear system consists of an electric motor so that accurate 
speed con trol of the screw can be ensured. 
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Appendix 9: Measurement methods, valves and pipe sizing 

Measurement methods and controllers for the manipulation of mass flow, temperature and 
pressure will be discussed first. A short description and discussion will be given of valves like 
the check vlaves, the reducing valves and the manual valves. This appendix will end with the 
estimation of the different pipe sizes. 

Measurement methods and controllers 

Mass flow 

The mass flow controller consists of a mass flow measurement device and a control valve. 
There are basically three methods ofmass flow measurement according to Benard (1988) and 
Brain (1969): 
- By measuring the volumetric flow and making corrections for density, pressure and 
temperature compressibility etc., i.e. by using compensation techniques. 
- By true mass flow measurement 
- By inferential mass flow measurement (other than compensation techniques) 

Compensation mass flow measurement techniques. 
The mass flow can be calculated using the values for the volumetrie flow and density. 
Volumetric flowmeters can be used for a wide range of flows. A disadvantage is that 
corrections have to be made for density. The combination of the density and volumetric flow 
measurements causes a difficult controlling mechanism. This type of mass flow measurement 
is normally used for flows larger than the flows which are expected in the IFB. 

Direct true mass flow measurement. 
In this type of flowmeter mass is experienced as an acceleration force. A calibrated string is 
used to measure the torque produced by the acceleration force. A disadvantage is that it is 
difficult to find a string which is linear over a wide range of deflection. Further these mass 
flowmeters are designed for one typical range and condition, and are not easily reconstructed 
for different purposes by changing one or two parts of the flowmeter. 

Inferential mass flow measurement. 
An example of this type of flowmeter is an thermal mass flowmeter. In this type of 
flowmeter, a heating coil is mounted on a flowtube and a small amount of heat is added to 
the fluid flow. Temperature sensors are placed upstream and downstream of the heating coiI. 
Thermal mass flowmeters are normally used for smaller flows. Recent developments in these 
flowmeters show that full scale ranges of 1000 NI/min can be measured. All the maximum 
values for the mass flows are within these ranges. An advantage of this type is that it can be 
used for different purposes or ranges by an easy change of the flow sensor. These type of 
flow controllers are suitable for measuring and controlling the feed gas flows as weIl as for 
measuring the gas flows to the converter. 
In figure A9.1 a schematic drawing of the thermal mass flowmeter is shown. The measured 
temperature difference is directly proportional to the mass flow. From th is difference a signal 
is produced that will be used to drive the control valve. The control valve contains a plunger 
which moves the valve seat up and down, relative to the orifice through which the gas flows. 
In case the electrical feed is switched off the valve will come in closed position. Brooks 
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Figure A9.1 Schematic drawing of athermal mass flowmeter 



Instrument B.V. from Veenendaal can deliver thermal mass flow controllers for flow ranges 
up to 1000 NI/min (Trade name: Rosemount type of flow controllers). 

Temperature 

The most common sensors used for the measurement of temperature are thermocouples and 
resistance thermometers. Other possible sensors are based on mechanica I or thermal radiation 
principles (like liquid-in-glass thermometers and pyrometers). These sensors are not suitable 
for the use in the pilot plant. Because of the high temperatures to be measured it has been 
chosen to use thermocouples. Kennedy (1986) has compared the different sensors and has 
presented typical ranges of temperature for thermocouples: -200 to 1700 °c and platinum 
resistance thermometers: -250 to 650°C, so it has been chosen to use thermocouples. 
Thermocouples are usually provided with a protective weIl to prevent direct contact with the 
process environment and to increase the mechanical strenght. The requirement for the 
protective weIl is that it is ab Ie to resist the different environments in the pilot plant: 
sulphurous, reducing or oxidizing. 
Temperature sensors respond more slowly to temperature changes than pressure gauges or 
flowmeters respond to changes in those parameters. This is because the heat must be 
transferred through the protecting weIl to the sensor. This slowness can be compensated for 
by adding derivative action to the control scheme, which would cause the controller output 
signal to change at a rate proportional to the rate at which the temperature is changing. 

Pressure 

Pressure is sensed by a mechanica I element, which offers the force a surface to act upon. 
Pressure-measuring devices may be divided into three groups: (1) those which are based on 
the measurement of the height of a liquid column, (2) those which are based on the 
measurement of the distortion of an elastic pressure chamber, and (3) electrical sensing 
devices. The choice of a sensor depends on the pressure range (this range should be around 
1.5 times normal line operating pressure ) accuracy and repeatability. For normal applications 
±1 % of full scale of range is sufficient (pressure indications purposes) but for precision 
measurements sensors with ±0.1 % or even ±0.01 % accuracy are available. 
A pressure-indicating device frequently used is the C-string Bourbon-tube pressure gauge. in 
this sensor a tube in a -c- form will deform by the applied pressure. 
For controlling purposes an electrical sensing device can be used. In this type of device 
commonly called strain gauge, the electrical resistance of a wire or other electrical conductor 
changes with the deformation of the conductor. Strain gauges are of ten attached to diaphragm 
elements. The distortion of a diaphargm is then transduced into usabie electric signais. For 
pressure control this type of sensor is combined with an electrical control valve. Strain gauges 
can also be used as sensors to determine axial pressure profiles in the reactor. 

Valves 

Check valves (non-return valves) 
These valves are used to prevent reversalof flow. The swing or hinged disc check valves are 
normally designed for use in horizontal lines, where the force of gravity on the disk is at 
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maximum at the start of dosing and at a minimum at the end of dosing. Based on the same 
working principles are the tilting-disk check valves, see figure A9.2. These valves may be 
installed in a horizontal line or in lines in whih the flow is vertically upward. Compared with 
swing check valves of the same size, pressure drop is less at low velocities but greater at high 
velocities. Closure at the instant of reversal of flow is most nearly attained in these valves. 
This type of check valve may be used in IFB for both horizontal and vertical upward flow. 
Another possible choice may be the lift check valve. This type of valve would cause some 
problems in case of using in the IFB especially when the fluid contains suspended solids. 
Because of the relative low pressures in the pilot plant, the seats for the valve will commonly 
be made of soft material which does not resist high temperatures. Special material for the 
seats is needed which is suitable for low pressures and high temperatures. 

Reducing valves 
To lower the pressure of the fluidization gas flows simple reducing valves are sufficient 
(Pearson (1978)). In such valves the main spring will be compressed by turning the adjusting 
screw, see figure A9.3. This action causes a pressing effect on a piston and a slight deflection 
on a diaphragm. The valve member will be lifted slightly off its sealing member and the valve 
causes a throttling effect to the gas flow. 

Safety valves 
The safety or relief valves may be dassified into th ree basic types (Pearson (1978)): lever 
type, deadweight type and the direct spring-loaded type. The direct spring-loaded type is of ten 
used and se ems to be a suitable valve which can be used in the pilot plant. To make the final 
choice for the relief valve, the pressure at which the valve will be opened has to be 
determined. This pressure depends on the construction of the reactor and converter. 
Calculations of strength of the equipment determine the maximum allowable pressure. The 
choice of seats for the valve will be limited by the high temperatures. Because of the relative 
low pressures in the pilot plant, the seats for the valve will commonly be made of soft 
material which does not resist high temperatures. Special material for the seats will be needed 
to withstand high temperatures. 

Other valves 
Butterfly valves are often used for the manual control of gas flows. A baH valve can be 
selected for shut-off purposes which should give a positive seal in the dosed position and 
minimum resistance to the flow when open. In figure A9.4 the butterfly valve and the bali 
valve are shown. 

Pipe sizing 

The estimation of the different pipe sizes is based on (Smith (1984)): 

!lP p ·u 2 
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A9.1 

The friction factor f in this equation is assumed to be equal to 0.0125. For cold gas flows it 
is assumed that: P = 1.2 bar and T = 293 K; for hot gas flows: P = 1.1 bar and T = 1123 K. 
The estimations are based on the following conditions: as few as possible different pipe sizes, 
reasonabie values for the gas velocities in the pipe (maximum 30 mis) and for the pressure 





drop per meter (maximum 200 Palm). In table A9.1 the results of the pipe size estimations 
are presented for the maximum expected gas fIows in the reactor. 

Table A9.1: Estimation of the pipe sizes. The different pipes and symbols are explained in 
the text below this tabie. 

pipe I q,v (m 3/s) I D (m) I u (mis) I M> /L (Palm) I 
cold feed lines 

#1 N2 0.0093753 0.03 13 202 

#2 N2 0.0024108 0.03 3.4 13 

#3 N2 0.001722 0.03 2.4 6.8 

#4 N2 0.002009 0.03 2.8 9.3 

#1 S02 0.0000122 0.005 0.62 6.1 

#1 air 0.0093753 0.03 13 202 

#3 H2 0.0000861 0.005 4.4 9.5 

#3 CO 0.0000861 0.005 4.4 133 

hot feed lines 

#1 0.0392 0.05 20 60 

#2 0.01008 0.03 14 51 

#3 0.0072 0.03 10 26 

#4 0.0084 0.03 12 35 

downstream lines 

#1 + #2 0.04941 0.05 25 95 

#3 + #4 0.0156 0.05 7.9 9.5 

#1+#2+#3+#4 0.06501 0.05 33 164 

Explanation of table A9.1 
In this tab Ie the diameter D, the gas velocity u and the pressure drop per meter L\P/L are 
presented for different pipes in the pilot plant. These pipes are indicated in the first column 
by the number of the bed to or from which the gas fIows. For the cold feed lines is indicated 
which gas fIows through the pipe. 
Three different pipe sizes are used: 0.005 m, 0.03 mand 0.05 m. 





Appendix 10: Safety study 

The safety study which is set up for the pilot plant has been based on a derived form of a 
Hazop. In th is study the following ma in parts of the pilot plant will be considered: 

fluidization gas supply line (N2, air) 
reactive gas supply line (S02' CO, H2) 
reactor 
cyclone 
converter section 
CaO-bed system 

Using the guide words of anormal Hazop for each part of the pilot plant, the hazards or 
operating problems which might occur, are identified. 
Used abbreviations in this study: 
dev. deviation 
p.c. . possible cause 
cons. consequence 
act. action required 

Fluidization gas supply line 
This line includes the main stop valve, the reducing valve, the mass flow controller and the 
gas preheater. Nitrogen will be delivered at a pressure of 10 bar, air at 6-7 bar. 

#1 
dev.: 
p.c.: 

cons.: 

act.: 

No nitrogen flow. 
-Storage of N2 is empty, the pressure in the nitrogen supply lines drops to zero. 
-Blockage of the line. 
-The temperature in the heating elements may become too high with possible 
overheating of these elements. 
-The gas flows to the reactor will consists of only reactive gases. Explosieve mixtures 
can be formed with the oxygen from bed 1. 
The supply of reactive gases must be closed immediately by the magnetic valves. A 
safety cylinder with nitrogen must be opened. The beds will remain fluidized and a 
slow shut down of the reactor can be achieved. The electrical heating elements must 
be switched off so th at the beds will be cooled with the nitrogen from the cylinder. 

Remarks: the safety cylinder with nitrogen must be opened before any experiment will be 
started. Tbe valve after the reducing valve will be opened automatically when the pressure 
in the fluidization gas supply line will come below a certain value. Tbe nitrogen flow line 
must be connected directly to the reactor. 

#2 
dev.: 
p.c.: 

cons.: 

No air flow in case of combustion experiments. 
-Problems with the compressor, the pressure in the air supply line drops to zero. 
-Blockage of the line. 
-Bed 1 will defluidized. Interruption of coal combustion means possible clotting of the 
particles (sorbent and coal (ash)) and overheating of bed 1. 





-The temperature in the heating elements for bed 1 may become too high with 
possible overheating of these elements. 

act.: The coal combustion must be stopped. The coal feed must be shut off and bed 1 will 
be fluidized with nitrogen from storage. The reactive gases to bed 3 (H2 or CO) will 
be shut off, so that all beds will be fluidized with nitrogen. 

#3 
dev.: 
p.c.: 
cons.: 

act.: 

#4 

More air or nitrogen flow. 
Problems with the mass flow controller. 
More heat input to the larger flow. In case the maximum heat input of the heating 
elements is exceeded, the gas flow cannot be heated up to the desired temperature. 
The temperature in the reactor will become lower; the heating elements of the reactor 
may supply the extra ammount of heat. 
Shut down of the installation and check the mass flow controllers. 

dev.: Less nitrogen flow. 
p.c.: Storage of N2 nearly empty. 
cons.: -The temperature in the heating elements may become too high with possible 

overheating of these elements. 
-The gas flows to the reactor will then consists of nearly only reactive gases. 
Explosive mixtures can be formed with the oxygen from bed 1. 

act.: Shut down of the installation. 

#5 
dev.: Higher pressure in the feed section. 
p.c.: (partial) Blockage of a line or of the gas distributor. Reducing valve has been opened 

too faro 
cons.: -Too small flows to the reactor. 
act.: Shut down the installation and re move the blockage. 

#6 
dev.: Lower pressure in the feed section. 
p.c.: Storage of N2 is nearly empty. 
conc.: As for #4. 
act.: As for #1. 

#7 
dev.: 
p.c.: 
cons.: 
act.: 

#8 
dev.: 
p.c.: 
cons.: 
act.: 

Higher temperature. 
Problems with the heating elements. 
The temperature may become too high with possible overheating of these elements. 
Shut down the installation and check the heating elements and the thermocouples. 

Lower temperature. 
Problems with the heating elements. 
Temperature in the reactor will become lower. 
As for #7. 





Reactive gas supply line 
This line includes the standard fittings of a gas cylinder (the ma in stop valve and the reducing 
valve) and the mass flow controller. The reactive gases (S02' CO, H2) will be delivered at a 
maximum pressure of 200 bar. 

#9 
dev.: 
p.c.: 

cons.: 

No flow. 
-The cylinder is empty: the pressure in the supply line drops to zero. 
-Blockage of the line. 
No reactive gas will flow into the reactor; the capture or regeneration will be 
disturbed. 

act.: The flows of the other reactive gases must be stopped by automatically dosing of the 
magnetic valves in the lines. Check the cylinder and remove the blockage. 

#10 
dev.: More flow. 
p.c.: Problems with the mass flow controller. 
cons.: Too high concentrations of reactive gases. 
act.: The operator may take action to lower the flow, else shut down the installation. 

#11 
dev.: 
p.c.: 

cons.: 
act.: 

#12 

Less flow. 
-Cylinder is (nearly) empty. 
-Blockage of the line. 
As for #9. 
As for #9. 

dev.: Higher pressure. 
p.c.: Partial blockage of the line. 
cons.: -Too small flows to the reactor. 

-S02 may remain as a liquid. 
act.: Shut down the installation and remove the blockage. 

#13 
dev.: Lower pressure. 
p.c.: Cylinder is (nearly) empty. 
cons.: As for #9. 
act.: As for #9. 

Reactor 

#14 
dev.: 
p.c.: 

cons.: 
act.: 

Higher pressure. 
-Pressure rise due to starting of an explosion. 
-Downstream blockage of the gas flow. 
P~essure rise; possible damage of the equipment. 
The pressure will be lowered by opening a re lief valve: the gas will be blown into the 





#15 
dev.: 
p.c.: 

cons.: 

act.: 

#16 
dev.: 
p.c.: 

cons.: 
act.: 

#17 
dev.: 
p.c.: 

conc.: 
act.: 

atmosphere through the roof outside the Proeffabriek. A pressure controller which is 
connected with the con trol box, shuts off all the flows with reactive gases by c10sing 
the magnetic valves in these lines. The electrical heating will be switched off. The 
fluidization gases will be lowered so that minimum fluidization conditions will be 
maintained until the bed has been cooled down. The nitrogen (or air) will Ie ave the 
reactor passing the relief valves. 
Check valves at the in let of the beds prevent that hot gases or a starting explosion can 
travel back into the feed section. 

Lower pressure. 
Blockage of the distributor (a higher pressure drop over the distributor means a lower 
pressure in the reactor). 
The pressure drop over the downstream end may become too high and the gas flow 
to the reactor will stop. 
Shut down the installation and check the distributor. 

Higher temperature. 
-Problems with the heating elements. 
-Starting of an explosion. 
-Blockage of the air flow to the reactor in case of coal combustion. 
Temperature rise; possible damage of the equipment. 
Problems with the heating elements or blockage problems: shut down the installation 
and check the elements and remove the blockage. Starting of an explosion: as for #14. 

Lower temperature. 
-Problems with the heating elements. 
-Cold nitrogen flow is too high (the maximum input of the elements will be exceeded). 
Decrease of temperature. 
Lower the nitrogen flows, else shut down the installation and check the heating 
elements. 

Cyclone 

#18 
dev.: 
p.c.: 
cons.: 
act.: 

Higher pressure. 
Blockage of the cyclone: clotting of dust on the wall of the cyclone. 
Pressure rise in the upstream section. 
Manometers up- and downstream of the cyc10ne indicate the pressure drop. The 
operator may take action based on the pressure indications. 

Converter 

#19 
dev.: Higher pressure. 





p.c.: 
cons.: 
act.: 

#20 
dev.: 
p.c.: 

conc.: 
act.: 

#21 
dev.: 
p.c.: 

cons.: 
act.: 

Pressure rise due to starting of an explosion. 
Pressure rise in the converter. 
Natural gas and air flows will be closed. Pressure will be lowered by opening arelief 
valve: the gas will be blown into the atmosphere outside the Proeffabriek. A pressure 
controller which is connected with the control box, shuts off all the flows with 
reactive gases by closing the magnetic valves in these lines. 
Check valves at the inlet of the converter prevent that a starting explosion can travel 
into the upstream section. 

Higher temperature. 
-Starting of an explosion. 
-Too high natural gas flow is bumt. 
Temperature rise in the converter. 
Lower the natural gas flows, else shut down the installation and check the supply 
system for natural gas. Starting of an explosion: as for #19. 

Lower temperature. 
-The flame has been blown out by the inlet gas flow or by a disturbance in the natural 
gas supply. 
-The inlet temperature of the gases is too low and the temperature control mechanism 
does not work. 
The combustibie components in the gas flow will not be converted completely. 
An alarm must be switched on so that the operator may immediately take action 
(burner should be lighted again). 

Cao-bed system 

#22 
dev.: 
p.c.: 
cons.: 
act.: 

#23 
dev.: 
p.c.: 
cons.: 
act.: 

Higher pressure. 
Blockage of the CaO-bed 
Pressure rise in the upstream section. 
Manometers up- and downstream of the CaO-bed system indicate the pressure drop. 
The operator may take action based on the pressure indications. 

S02-capture fails 
Maximum convers ion of limestone particles is reached. 
S02 will be blown into the atmosphere. 
From time to time S02-concentration in the gas flow at the outlet will be checked. 
Based on the results of these analyzing tests the operator may take action by switching 
the CaO-beds. 





Appendix 11: Safetyaspects of the gases 

The safetyaspects of the gases which will be used or formed in the pilot plant, will be 
discussed. These gases are: CO, H2' S02' H2S, S2' COS, CO2, O2, N2 and H20. For each gas 
attention will be paid to toxicity, physiological effect, flrst aid and fire prevention. Data 
regarding safety has been obtained from Chemiekaarten (1992), Hommel (1986) and Kirk 
Orthmer (1983). This information can be used in the safety report. 

* Carbon monoxide, CO, will be used as a feed gas in bed 3. Carbon monoxide is a 
colourless, odourless, flammable and toxic gas. lts danger is the combination of the toxicity 
and the odourlessness, and it can thus not be detected by smeU. 
It burns readily in air or oxygen. Mixtures of carbon monoxide and air are flammable over 
a wide range of compositions at atmospheric pressure. The flammability limits of carbon 
monoxide-air mixtures change with pressure and temperature. As pressure increases, the lower 
limit increases and the upper limit decreases, as temperature increases an opposite effect of 
change of the limits will occur. 
The gas can be absorbed into the human body by inhalation. The toxicity of carbon monoxide 
is a result of its reaction with the hemoglobin of blood which leads to blood deviations. In 
cases of severe poisoning disturbances with breathing, dizziness, weakness, mental confusion, 
loss of consciousness, and death may occur. In table Al1.1 a survey is given in which these 
physiological effects are related with the concentration of carbon monoxide. 

Table A11.1: Relation between the concentration of carbon monoxide and the physiological 
effects 

Concentration of CO (ppm) Physiological effects 

0-200 slight headache 

200 - 400 after 5-6 h exposure: headache, 
nausea, vertigo 

400 - 700 af ter 4-5 h exposure: severe 
headache, weakness, muscular 
incoordination, vomiting, collapse 

700 - 1100 weakness, vomiting, collapse 

> 1600 after 1 h exposure: possible death 

The poisoned patient must be removed to fresh air, kept warm and administered pure oxygen. 
Artificia1 respiration is necessary whenever breathing is inadequate. A physician must be 
called in all cases of suspected carbon monoxide poisoning. 
Prevention of carbon monoxide poisoning is best accomplished by providing good ventilation 
where contamination is a problem. 

* Hydrogen, H2' will be used as a feed gas in bed 3. Hydrogen is a colourless and 
odourless gas. The gas is lighter than air and forms with oxygen or air the so called 
oxyhydrogen. It is not considered toxic but it can cause suffocation by the exclusion of air. 





Hydrogen bums with a nearly invisible flame. The detonation and flammability limits for 
hydrogen-air mixtures are much wider than those of hydrocarbon-air mixtures: 4.0 - 75.0 
vol% respectively 18.3 - 59.0 vol%. 
For high concentrations of hydrogen in air, for example in a bad ventilated room, lack of 
oxygen may occur with possible loss of consciousness. To prevent high concentrations, 
ventilation must always be at the highest point. First aid may consists of fresh air, rest and 
if necessary insufflation may be applied. 

* Sulphur dioxide, S02' will be used as a feed gas in bed 3. Sulphur dioxide is a 
colourless gas with a characteristic pungent, choking odour. The gas is heavier than air. The 
sol ut ion of the gas in water is a moderate strong acid. 
The gas can be absorbed into the human body by inhalation. The gas has caustic effects on 
eyes, skin and respiratory organs. Inhalation may cause pulmonary oedema, in severe cases 
it may be fatal. In case of fast evaporation the liquid may cause freezing. 
In tab Ie A11.2 a survey is given in which these physiological effects are related with the 
concentration of sulphur dioxide. 

Table A11.2: Relation between the concentration of sulphur dioxide and the physiological 
effects 

Concentration of S:.q .. (ppm) Physiological effects 

3 - 5 detectable odour 

8 - 12 troat irritation 

10 maximum concentration for 
prolonged exposure 

> 20 eye irritation 

50 - 100 maximum concentration for 30 
min exposure 

400 - 500 concentration that is dangerour 
for even short exposure 

First aid may consist of fresh air and rest. In case of freezing, take no cloths off but spray 
with water over the contaminated skin and call a physician. 
Symptoms of pulmonary oedema may usually just show up after a few hours and will be 
intensified by physical effort. Rest and admission in a hospital is then necessary. 
Cylinders must be equiped with special fittings. 

* Hydrogen sulfide, H2S will be formed during regeneration with hydrogen in bed 3. 
Hydrogen sulfide is a colourless with a characteristic rotten-egg odour. The gas is heavier 
than air and is spreading just above the ground with possible ignition from a distance. Ouring 
oxidation in a flame, hydrogen sulfide will be converted to sulphur dioxide (main product) 
and sulphur trioxide (by-product). 
Hydrogen sulfide can be absorbed into the human body by inhalation and has an extremely 
high acute toxicity. It is fast-acting and the exposed patient may become unconscious quickly, 
with no opportunity to escape the contaminated space. 





In table A11.3 a survey is given in which these physiological effects are related with the 
concentration of hydrogen sulfide. 

Table A11.3: Relation between the concentration of hydrogen sulfide and the physiological 
effects 

Concentration of H2S (ppm) Physiological effects 

1 irritation of the eyes and 
respiratory system 

30 -100 deceptively sweet smell 

90 inflammation of the eyes for brief 
exposure 

> 100 deadens of the sence of smeU 

> 180 unconsciousness, respiratory 
paralysis and death 

As can be seen from this tabie, its odour is an unreliable indicator of dangerous 
concentrations. Therefore protective meausures involving prompt detection and adequate 
ventilation have to be taken. Continuous monitoring is recommended to signal an evacuation 
alarm if the workplace concentration exceeds 50 ppm and a warning alert if it is present at 
10-50 ppm. 
First aid may consists of fresh air and rest. In case of severe poisoning a physician have to 
be called. 

* Sulphur vapour will be formed during regeneration in bed 3. The molecular 
composition of sulphur vapour is a complex function of temperature and pressure. Mass 
spectrometric data for sulphur vapour indicate the presence of all possible Sn molecules from 
S2 to Ss. In general, octatomic sulphur is the predominant molecular constituent of sulphur 
vapour at low temperatures, but the equilibrium shifts towards smaller molecular species with 
increasing temperature and decreasing pressure. 
It reacts violently with oxygen. Another reactions are with iron and hydrogen. With the latter 
compound the toxic hydrogen sulfide is formed. When sulphur is burned in air, it forms 
predominately sulphur dioxide with small amounts of sulphur trioxide. Sulphur vapour can 
come into the human bod~ by inhalation. Sulphur vapour has irritated effects on the 
respiratory organs. 
The boiling point of sulphur in liquid state is 445°C (1 atm). The temperature of the off­
gases from the reactor has to be high enough to prevent condensation of sulphur vapour 
before it is converted in the converter section. 

* Carbonyl sulfide, COS, will be formed during regeneration with carbon monoxide in 
bed 3. Carbonyl sulfide is a colourless and odourless gas. Carbonyl sulfide burns with a blue 
flame to carbonoxide and sulphur oxide. It reacts only slowly with water to form carbon 
dioxide and hydrogen sulfide. The mechanism of the toxic action appears to involve 
breakdown to hydrogen sulfide. It acts on the central nervous system with death resulting 
mainly from respiratory paralysis. 





* Carbon dioxide, CO2 is formed during combustion of compounds containing carbon 
and it will be formed during regeneration with carbon monoxide. Carbon dioxide is a 
colourless gas with a faintly pungent odour and acid taste. Althought carbon dioxide is a 
constituent of exhaled air, high concentrations are hazardous. Up to 0.5 vol% carbon dioxide 
in air is not considered harmful but it concentrates in low spots because it is heavier than air. 
5 vol% carbon dioxide in air causes a threefold increase in breathing rate and prolonged 
exposure to concentrations higher than 5 vol% may cause unconsciousness and death. 
Ventilation sufficient to prevent acumulation of dangerous percentages of carbon dioxide must 
be provided where carbon dioxide gas has been released. 

* Other gases like nitrogen, air and water vapour(formed during combustion or during 
regeneration with hydrogen) will not lead to dangerous situations. Only for high 
concentrations of nitrogen in air a shortage of oxygen may arises (a leakage of nitrogen in 
a bad ventilated room). Attention should be paid to al ready small increases of the amount of 
oxygen in the atmosphere since the combustibility of all compounds will strongly increase. 

General preventions to overcome dangers with combustible gases like CO, H2' H2S, S2 and 
COS are: 
to prevent fire: no free fire, no sparks and no smoking, 
to prevent explosions: closed apparatus, weIl ventilated room, explosion safe electrical 
equipment and lighting. 
In case of fire with CO, H2 or H2S and with no danger for the environment, let the fire bum 
out or extinguish it with powder or carbon dioxide. 

A summary of the main safetyaspects regarding toxicity and flammability is presented in 
table All.4. The meaning of the different parameters in this tab Ie is as follows. The threshold 
limit value is a measure for the toxieity of the gas. This value is the maximum allowable 
concentration of the gas in air at the working place for exposure of 8 hours a day. Prolonged 
exposure of the operator to th is concentration has no effect on his health. The autoignition 
temperature is the temperature at which ignition of the gas is possible without any source. The 
minimum ignition energy is a measure for the ease of ignition. A low value means an easy 
ignition. Explosion limits in air determine the range of mixtures of air with the gas within 
ignition causes explosion. 





Table All.4: Some data regarding the safety in the IFB 

Dutch Threshold auto ignition minimum explosive mixture 
Limit Values temperature ignition energy in air 

CO 25 ppm 605 oe 0.1 mJ 11 - 75 vol% 
(29 mg/m3

) 

H2 not determined 585 oe 0.01 mJ 4 - 76 vol% 

S02 2ppm - - -
(5 mg/m3

) 

H2S 10 ppm 260 oe 0.07 4.3 - 46 vol% 
(15 mg/m3

) 

S2 not determined 235°C not known not known 

CO2 5000 ppm - - -
(9000 mg/m3

) 

COS not determined 250°C not known 9.6 - 33.2 





Appendix 12: Safety report 

The safety report will be judged by the safety committee of CPT whether safe operation of 
the pilot plant can be ensured. Only af ter the approval of the safety report by this committee, 
the construction of the pilot plant can be started. In this appendix it will be explained how 
information fiom this final report can be used for the completion of the safety report. 

The outline of a safety report is given below: 
1 General information about the project 
2 Explanation of the pilot plant set-up 
3 Location of the pilot plant 
4 Working at higher pressures or vacuum in equipment made of glass 
5 Working at high pressure 
6 The use of chemica Is and gases 
7 Continuous operation of equipment 
8 Removal of the excess chemicals 
9 Literature used for the safety study 

An explanation of these subjects in relation with the pilot plant is as follows: 
1 The general contents of the project will be described here. 
2 In this part the pilot plant set-up will be described using the process flow diagram in 

which the control mechanisms have been added. Information about the pilot plant set­
up can be extracted fiom chapter 4 and 9 in which the flowsheet and the control 
mechanisms have been described. This explanation has to be completed with the actual 
choices for the different parts of the pilot plant (based on data from suppliers of the 
equipment). To this description the safety measures have to be added. These safety 
measures can be extracted fiom chapter 10. 
Information for th is part which cannot be extracted from any chapter, deals with the 
description of the control box and the process computer system. In this description it 
can be referred to the standards which are used for these equipment in the 
Proeffabriek. The control box will be equiped with standard power connections and 
the FIX system can be used as the process computer system. Schematic drawings of 
electrical circuits have to be included. 

3 A fIoor plan of the Proeffabriek has to be drawn. In this drawing the pilot plant, fire 
extinguisher equipment, first aid facilities, emergency buttons have been indicated. 

4 + 5 No glass will be used for the construction of the pilot plant. Experiments will be 
carried out at (nearly) atmospheric conditions. 

6 The safetyaspects of the gases will be described as is do ne in appendix 11. 
7 Detailed information about continuous operation of equipment is not availalbe yet. 

Safety devices may be powered on continuously. 
Explanation of these devices will be given here. Some in format ion can be extracted 
fiom chapter 10. 

8 In this part the removal of the gas es and solids from the pilot plant will be indicated. 
9 A list of the literature used to fill in the safety report including old examples of safety 

reports. 





Appendix 13: Modifications to the designed pilot plant for the HzS removal process 

Also the H2S removal process will be investigated in the pilot plant. There are two 
possibilities doing this. 

The first is using about the same gas flows as for the S02 process. This is possible when a 
suitable sorbent size is chosen. The sorbent should have a mean average particle size of 
1.5 mmo Using the same gas flows will involve higher gas costs as in bed 1 CO and H2 

must be used instead of N2. It is possible to do experiments without CO and H2' but 
according to Wakker (1992) these components have considerable influence on the 
sulphation of the sorbent. 

The second possibility is using smaller gas flows and a sorbent with a smaller mean 
particle size. The costs of the gases can be reduced in this way. 

In both cases the equipment must be modified. The same reactor can be used, only in the 
case of smaller gas flows the gas residence time and the H2S retention will be much 
higher. Bed 2 isn't used for segregation in this process, so both bed 2 and 4 can be used 
for controlling the sorbent flow through the IFB. The orifice between bed 2 and 3 can now 
also be placed near the bottom of the bed. The solids feed system isn't needed for this 
process and can be removed. The same gas and solids sampling points can be used. 

The CO and H2 supply should now be connected to bed 1. New connections for H2S to 
bed 1 and steam to bed 3 should be made. The steam is used for the regeneration. In case 
smaller gas flows are used some of the mass flow controllers might be replaced. 

In case of smaller gas flows less and smaller particles will be carried along through the 
freeboard, but the performance of the cyclone will be lower. The off-gases now have a 
high concentration of CO and H2 and can directly be flared, without adding extra heat by 
burning natura I gas. The same CaO-beds can be used. 

The costs for changing the pilot plant won't be high, the main costs will be the 
replacement of some mass flow controllers. Because of the large amounts of CO and H2' 
the operating costs will be higher, even when smaller gas flows are used. Maybe even the 
cheapest solution would be buiding a small coal gasification plant for the production of 
fuel gases. 
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