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"Somewhere in our DNA must lie the key mutation (or, more probably, mutations) that set us
apart—the mutations that make us the sort of creature that could wipe out its nearest relative, then dig
up its bones and reassemble its genome."

-Elizabeth Kolbert, The Sixth Extinction: An Unnatural History



Abstract

’7—he competitiveness of hydrogen as a sustainable energy carrier depends greatly on the
cost associated with its transportation and storage. Transporting and storing hydrogen in
liquid form offers several advantages, such as purity, versatility and higher volumetric density.
However, current industrial hydrogen liquefaction processes face challenges in terms of efficiency
and expense, with a second-law efficiency below 25% and costs ranging from 2.5-3.0 US$/kg; -
Moreover, these processes have been limited to small-scale applications. Recent studies suggest
that increasing plant capacity may reduce liquefaction costs, but existing models often overlook
the possible capital and operating expenses of the conceptual plants, as well as the technical
feasibility of scaling up the components. These considerations are crucial for the realisation of
efficient large-scale hydrogen liquefaction facilities.

Most reported liquefaction costs rely on "ballpark" estimation, making it difficult to compare
economic aspects across various processes. Additionally, industry-sponsored studies often use
confidential data, limiting accessibility for researchers. This thesis aims to develop a general
and comprehensive framework for modelling large-scale liquefaction processes and assessing
their technical and economic feasibility. In the demonstration of the framework, it provides a
preliminary feasibility study of a high-pressure hydrogen Claude-cycle liquefier concept.

The technical analysis focuses on the preliminary design of main process equipment for
large-scale liquefiers, including compressors, turboexpanders, and heat exchangers, ensuring
compatibility with current technology constraints. Based on the preliminary equipment designs,
along with the process simulation model, a techno-economic analysis is conducted. For this
analysis, the Aspen Process Economic Analyzer (APEA) is employed to estimate the capital and
operating expenditure. In the base scenario, which assumes an electricity price of 0.1 €/kWh,
the 125 tonnes per day (TPD) Claude-cycle concept yielded specific liquefaction costs (SLC) of
1.55 €/kgin,. Sensitivity analyses reveal that the economic performance of the plant is highly
sensitive to electricity prices. Additionally, according to the methodology of this thesis, the
implementation of high-speed centrifugal compressors in hydrogen liquefiers has the potential
to reduce the SLC by 5.42% and even more significantly in instances of low electricity prices.

Furthermore, scaling up the 125 TPD concept showed potential cost improvements, with a
7.80% SLC reduction at 250 TPD and a 9.45% reduction at 500 TPD under a base electricity
price of 0.1 €/kWh. Future projections, cost reevaluations with lower design allowances and
contingencies, suggest a potential 12.6% reduction in SLC as the Claude cycle becomes a proven
industrial concept. In the best-case scenario, where financial incentives and low-cost renewable
electricity are available, liquefaction costs could range from 0.87 to 1.09 €/kgy p,.

Finally, a cost-scaling curve for hydrogen liquefaction plants are estimated based on the cost
results from this study. The curve is comparable to existing cost curves reported by industrial and
government joint research projects, providing validation of the methodologies developed in this
thesis. Moreover, an experience curve is also predicted using cost data from this study and data
found in the literature, assuming the global establishment of these plants. This analysis suggests
that with each doubling of the installed global liquefaction capacity, the price of hydrogen
liquefiers is expected to decrease by an average of approximately 17%.

In summary, hydrogen’s economic viability depends on efficient liquefaction processes. This thesis
provides a comprehensive framework and analysis, highlighting the sensitivity to electricity prices and the

potential for cost reduction as technology advances and capacities increase.

vi



‘ ?he most commonly used symbols in this thesis are listed here. Symbols used

Nomenclature

clarified in their respective contexts.

Symbols

Roman Description

@@ﬁﬁﬁ

>~

T 3=
Y5k

Area

Constant in van der Waals EOS; first rate constant
Constant (process economics)

Specific heat transfer surface area
Constant in van der Waals EOS; second rate constant
Learning coefficient (process economics)
Blade height (turbomachinery)

Capital cost

Capital cost of plant with capacity Sq
Capital cost of plant with capacity Sy
Specific heat

Absolute velocity (turbomachinery)
Specific cost or unit cost (process economics)
Diameter

Specific diameter

Activation energy

Force

Specific enthalpy

Interest rate

Kinetic rate constant

Learning rate (process economics)

Mach number

Mass flow rate

Rotation per minute

Capital cost exponent (process economics)
Compression ratio

Progress ratio (process economics)
Pressure

Heat transferred per unit time
Cummulative capacity or output
Universal gas constant, 8.314

Degree of reaction (turbomachinery)
Reynold’s number

Conversion rate

Plant or equipment capacity

Capacity of plant 1

*Dimensions are dependent on the type of equipment or process.

Vi

but not listed here are

Unit

Pa - m6/1<g2
$ or €
m“m

m? kg_1

US$ or €
$ or €

$ or €
]kg—1 K—1
ms!

J mol !
Jkg™!

1/s

kgs
RPM

Pa

*

Jmol ' K1
Jmol ' K1

molm™3s~



Sub- and Superscripts
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(Symbols continued)
Capacity of plant 2
Specific entropy
Temperature
Time
Payment period
Overall heat-transfer coefficient
Plant utilization rate (process economics)
Impeller wheel tip velocity
Volume
Volumetric flow rate
Specific volume
Work per unit time
Specific energy consumption
Relative velocity (turbomachinery)
Mole fraction
Liquid yield
Number of stages or components

Description

Absolute flow angle

Relative flow angle

Heat capacity ratio (isentropic expansion factor)
Difference

Rotor hub diameter ratio
Rotor tip diameter ratio
Efficiency

Joule-Thomson coefficient
Isentropic velocity ratio

Rotor meridional velocity ratio
3.14159265359

Density

Flow coefficient

Work coefficient

Speed of rotation

Specific speed

Sub- and Superscripts

Reference condition or initial state
Nozzle inlet (turbomachinery)
At point 1, 2...; at time 1, 2...
Rotor inlet (turbomachinery)
Rotor outlet (turbomachinery)
Diffuser outlet (turbomachinery)
Annual

Baseline scenario

Base year of costs pricing
Catalyst

Compressor

Discharge

]kg—1 K—1

year
Wm2K-!
m S_1

m3 S_1

m3 kg™

kg™
ms

Unit

Pa-K

kgm™3

rad/sec



Abbreviations

eq Equilibrium
f Fluid
fix Fixed
hx Heat Exchanger
i Ideal
in Inlet
inv Inversion
ic Intercoolers
is Isentropic
m Mean
m Meridional
max Maximum
min Minimum
mol Molar based property
out Outlet
P Polytropic
p Constant pressure
para Parahydrogen
R Stator
recov Baseline scenario with power-recovery
sim Simulation
stg Turbomachinery stage
S Stator
suc Suction
t At time t
ts Total-to-static
turb Turbine
Abbreviations
Short Description
AACE Association for the Advancement of Cost Estimating
ACCE Aspen Capital Cost Estimator
ALPEMA  Aluminium Plate-Fin Heat Exchanger Manufacturer’s Associa-
tion
APEA Aspen Process Economic Analyzer

APERC Asia Pacific Energy Research Centre
ASPEN Advanced System for Process Engineering

ASU Air Separation Unit

CAPEX Capital Expenses

CEPCI Chemical Engineering Plant Cost Index
Ccop Cash Cost of Production

CH4 Methane

COy Oxocarbon

DOE Department of Energy

EDR Exchanger Design and Rating

EOS Equation of State

EPC Engineering, Procurement and Construction
e-Ho Equilibrium-hydrogen

EU European Union

EUR Euro

FOM Figure of Merit (Exergy Efficiency)



Abbreviations

Short
GRAPE

Ho

HoS
HDSAM
He

HPC

HX
IDEALHY

IEA
ISBL
JB

JT
KHI
LH,
LNy
LNG
LPC
MR
MRC
MLI

n-Hoy

Ne
NIST
NTNU
oM
0-H2
OPEX
OSBL
p-Ha
PFHX
REFPROP
ROI

rnd

SDS
SEC
SINTEF
SLC
SMR
TEA
TPD
TSA

TU Delft
WE-Net

(Abbreviations continued)
Description
Global and Long-Term Intertemporal Optimization Energy
Model
Hydrogen
Hydrogen Sulfide
Hydrogen Delivery Scenario Analysis Model
Helium
High-pressure Compressor
Heat Exchangers
Integrated Design for Efficient Advanced Liquefaction of Hydro-
gen
International Energy Agency
Inside Battery Limits
Joule-Brayton
Joule-Thompson
Kawasaki Heavy Industries
Liquid Hydrogen
Liquid Nitrogen
Liquified Natural Gas
Low-pressure Compressor
Mixed Refrigerant
Mixed Refrigerant Compressor
Multilayer Superinsulation
Nitrogen
Normal-hydrogen
Neon
National Institute of Standards and Technology
Norwegian University of Science and Technology
Operation and Maintenance
Ortho-hydrogen
Operating Expenses
Outside Battery Limits
Para-hydrogen
Plate-fin Heat Exchangers
Reference Fluid Properties
Return On Investment
Research and Development
Sustainable Development Scenario
Specific Energy Consumptions
Stiftelsen for Industriell og Teknisk Forskning
Specific Liquefaction Cost
Steam-Methane Reforming
Techno-economic Analysis
Tonnes per Day
Temperature-Swing Adsorbers
Technische Universiteit Delft
World Energy Network
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Introduction

1.1. Background

ydrogen (Hj), as an energy carrier, has the potential to become a key player in a sustainable

energy future.! However, there are still many challenges preventing the widespread use of
hydrogen. Transport and storage costs are critical to the competitiveness of hydrogen, as they can
significantly increase the final price of hydrogen fuels.! Due to its low energy density, gaseous Hy
from the production stage would require an additional physical or chemical conversion process
before storing and transporting the fuel over long time scales and distances.? One of the viable
process options for this is hydrogen liquefaction. The storage and transport of hydrogen as
a liquid has several advantages, such as purity, versatility for end use, and high volumetric
hydrogen density compared to other possible hydrogen vectors.? It can be particularly cost
effective for long-distance delivery with moderate demands by using cryogenic liquid trucks.?
Nonetheless, the current production and logistic processes associated with liquid hydrogen (LH2)
have several limitations that hinder its global use, including economics and scale limitations.

Most commercial hydrogen liquefaction plants have a capacity of less than 20 tons per day
(TPD), while the largest one can liquefy up to 32 TPD.? The specific energy consumptions (SEC)
of these liquefiers are between 10 and 20 kWh/kgyy,,* which makes a significant contribution
to the current specific liquefaction cost (SLC) range of 2.5-3 US$/kgpy,.>° In contrast, the theo-
retical energy to liquefy hydrogen from ambient (300 K, 1.01 bar) conditions is 3.9 kWh/kg i,.
including the necessary conversion of ortho to para-Hs,% indicating that there is ample room for
improvement. Recent studies have shown that liquefaction costs typically decrease with increas-
ing plant capacity, with some estimates suggesting that the liquefaction cost could drop to less
than 1 US$/kgiy,.” ' The Asia Pacific Energy Research Centre (APERC) even estimated that a
liquefaction plant with a capacity of 800 TPD would have cost as less as 0.53-0.78 US$/kgy . "°
In addition to reducing the cost of hydrogen liquefaction, the requirement for larger plants is
further strengthened by the expected increase in global hydrogen demand.

Ishimoto et al.!® evaluated the global hydrogen deployment and found that the demand
in 2050, according to the GRAPE (see abbreviation) model used, is 217 Mt, increasing almost
threefold from the current market. The International Energy Agency (IEA), in their Sustainable
Development Scenario (SDS), projected global demand to increase to 520 Mt by 2070.!” Hydrogen
Council expects that by 2050, about 10% of the hydrogen demand, just under 60,000 TPD, could
be transported by sea.’ If this amount were to be transported in a liquid state, the world would
require a significant increase from the current global liquefaction capacity of 350 TPD.? For
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Figure 1.1: Efficiency performance of industrial and conceptual hydrogen liquefiers”

comparison, the current global liquefaction capacity of natural gas is approximately 800,000
TPD.!®

Numerous conceptual designs of large-scale hydrogen liquefaction plants have been devel-
oped,'?-26 with the aim of optimising the efficiency of the liquefaction process and thus decreas-
ing the overall SEC of the plant, as demonstrated in Figure 1.1. These concepts have shown
that an SEC target ranging between 6 and 8 kWh/kgyy, should be achievable for large-scale
liquefiers without the need for groundbreaking technologies.? However, insufficient attention has
been paid to the capital and operating expenses of the plant, which are essential to estimate the
costs of liquefaction, as well as the technical feasibility of scaling up the components to meet
the required unit operations. Considering these factors is crucial, as practical and economically
viable methods are essential for the realisation of large and efficient Hy liquefaction facilities.

Most of the hydrogen liquefaction costs reported in the literature were estimated by projecting
the overall capital costs of the process plant using scaling factors that were derived based on
limited historical data.®-132728 While this approach is useful for providing a ballpark estimate
of the project cost, it is not ideal for carrying out costs assessment of various plant configura-
tions, especially when the capacities are similar. Feasibility studies sponsored by industries and
governments often rely on confidential equipment cost correlations and recent quotations from
companies to estimate capital costs, leading to the most accurate cost evaluation.'®!? However,
this approach is not feasible for the majority of academics and researchers in this field of study.

Based on the circumstances mentioned above, this thesis aims to develop a robust framework
for modelling a large-scale hydrogen liquefaction process and evaluating the economic feasibility
of the plant while carefully considering the existing technical limitations. The study commences
by focussing on the modelling of a highly promising conceptual high-capacity Hy liquefaction
plant using a commercial process simulation tool. Subsequently, a systematic procedure is de-
veloped for the preliminary designs of the main equipment as part of the technical evaluation
of the process plant. The results from the equipment designs are then integrated back into the
liquefier simulation model. Building upon the model and preliminary designs, the plant’s capital
and operating costs are estimated using a general cost estimation tool based on the procedure
developed in this study, followed by a comprehensive economic evaluation. Furthermore, sensi-
tivity and scale-up analyses are conducted to assess the impact of various operational parameters
and increased capacity on the overall efficiency and economics of the plant. Finally, the study

"Reproduced from Hydrogen Liquefaction: A Review of the Fundamental Physics, Engineering Practice and Future Opportunities?
with permission from the Royal Society of Chemistry.
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predicts possible learning/scaling curves of the hydrogen liquefaction plant, based on the cost
results from this research and cost projections from other relevant literature.

In summary, the main objective of this thesis is to provide a comprehensive assessment of
the technical and economic viability of a conceptual large-scale hydrogen liquefaction pro-
cess while developing modelling and cost estimation frameworks that incorporate technical
considerations. Following this objective, the main research question of this master thesis is:

How to model a conceptual large-scale hydrogen liquefaction process, considering technical
feasibilities, and effectively evaluate the economic viability of the plant?"

Sub-research questions and search plans of this thesis are discussed in the following sub-
chapters.

The frameworks formulated in this thesis are intended to offer a universal methodology for
fellow researchers and plant designers to develop large-scale hydrogen liquefaction processes
that focus not only on maximising the efficiency but also on the technical aspects and economic
evaluation of the plant. The frameworks could serve as a foundation for establishing a general
cost-optimisation procedure for designing hydrogen liquefaction plants. The study’s results and
analyses improve understanding of technical limitations in hydrogen liquefaction technology and
identity key factors for enhancing its competitiveness. Additionally, it offers valuable insights
to policymakers and regulators in developing strategies and policies related to integration of
hydrogen as a clean energy carrier in various sectors.

1.2. Sub-research Questions

In order to completely answer the main research question, the following sub-research questions
are formulated:

1. How can a conceptual high-capacity Hy liquefaction plant be accurately modeled using a
commercial process simulation tool?

2. What is the technical evaluation procedure for the preliminary designs of the main equip-
ment in a large-scale hydrogen liquefaction process, and how can the findings from these
preliminary designs be incorporated into the overall plant design?

3. How to effectively estimate the capital and operating costs of a conceptual hydrogen liquefier
based on process simulation model and equipment preliminary designs, and what are the
key factors influencing the plant’s economic feasibility?

1.3. Search Plan

The search plan for the literature research in this thesis is based on the snowball method and
citation searching. Key publications that initiate the literature search are as follows:

1. Al Ghafri, S. Z. et al. Hydrogen liquefaction: a review of the fundamental physics, engineering
practice and future opportunities, Energy & Environmental Science, 2022.

2. Cardella, U. F. Large-scale hydrogen liquefaction under the aspect of economic viability,
Doktor-Ingenieurs, Universitdt Miinchen, 2018.

3. Aasadnia, M. & Mehrpooya, M. Large-scale liquid hydrogen production methods and ap-
proaches: A review, Applied Energy 212, 2018.
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2.1. Theoretical Background

2.1.1. Thermodynamic Principles

ydrogen liquefaction, in general, can be accomplished through two types of thermodynamic

systems: a liquefier system and a refrigeration system for liquefaction. Figure 2.1 compares
the thermodynamic structure of the refrigerator, liquefier, and refrigerator for liquefaction. The
working principle of a refrigerator is based on the refrigeration cycle, which is considered a closed
cycle, where the process fluid absorbs heat at a temperature below that of the environment and
rejects it to ambient.?9-3! In a refrigerator for the liquefaction application, the thermal load of the
refrigerator is spread over the feed stream from gas at ambient temperature to liquid at cryogenic
temperature.3! In contrast, a gas liquefier system is considered an open system process, where the
liquid product accumulates and is withdrawn at cryogenic temperature.?30 In liquefier systems,
the feed gas is also the working fluid that is being compressed and expanded in the system.

Ambient Ambient Ambient

N . 4.
Q Tol,
. | . Gas
W, > /T— Gas W,—> /_\ P
Refrigerator Liquefier €

v oe— : \/ «—

e 7 «—

W, Wi ('2 Liquid

TQ, l Refrigerator

Liquid for liquefaction

Cryogenic
temperature

Figure 2.1: Thermodynamic structure of (from left to right) refrigerator, liquefier and refrigerator for
liquefaction

Like any thermodynamic process, liquefaction performance is limited by the thermodynam-
ically ideal liquefaction system for both the liquefier and refrigerator for liquefaction systems.
The perfect liquefaction system consists of two ideal processes from the Carnot cycle; reversible
isothermal compression followed by a reversible isentropic expansion,??32 as shown in Figure
2.2 Based on the energy and entropy balance of this cycle, the work per unit mass of the liquefied
gas is given by:

- /iy = To(sq —sp) — (hy — hy). 2.1

4
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Figure 2.2: T-s diagram and schematic of ideal liquefaction process

Ideal work requirements reported in the literature for the liquefaction of common gases from
an initial condition of 300 K and 1.013 bar, along with their standard boiling points, are shown
in Table 2.1. As the table shows, hydrogen liquefaction has a work requirement significantly
higher than other commonly liquefied gases, including helium, which has a lower boiling point
than hydrogen.

Table 2.1: Ideal work requirements for the liquefaction of several gases initially at 300 K and 1.013 bar?®2

Gas Normal Boiling Point [K] —-Wi/my [k]/kg]
Helium-3 3.19 8,178
Helium-4 4.21 6,819
Hydrogen 20.27 12,019
Neon 27.09 1,335
Nitrogen 77.36 768.1
Air 78.80 738.9
Carbon monoxide 81.60 768.6
Oxygen 90.18 635.6
Methane 111.7 1,091
Ethane 184.5 353.1
Propane 2311 140.4
Ammonia 239.8 359.1

The ideal power requirements in Table 2.1 are physical limitations of the liquefaction pro-
cess. They are used as a reference system to compare the efficiencies of actual gas liquefaction
systems.?> For liquefier, the figure of merit (FOM), also termed as exergy efficiency, compares
the theoretical ideal specific work with the actual specific work required by the liquefier sys-
tem29-31-33.

Wi/1ing

FOM = — .
W/ g

(2.2)

where W is the net work requirement defined as the difference between the total power con-
sumption and the recovered power (from turbines) in the liquefaction cycle. A FOM value close
to one implies that the liquefier is approaching ideal performance. In addition, the actual work
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per unit mass of gas liquefied (specific work) from Equation (2.2) is also termed as the specific
energy consumption (SEC)234:

w=—. (2.3)

FOM and SEC both system performance parameters or payoff functions for indicating the
performance of a given liquefaction system. Another payoft function that are commonly used in

literature3?-3% is the liquid yield, which is defined as the fraction of the total flow of gas that is
liquefied:
=
Y= (2.4)

Joule-Thomson Effect

In real applications, most gas liquefaction systems employ Joule-Thomson (JT) effect to enable
temperature reduction through isenthalpic expansion of the fluid by using an expansion valve (JT
valve).2? Although the flow within an actual expansion valve is irreversible and nonisenthalpic,
the inlet and outlet conditions can be considered to have the same total enthalpy since there is
no work done on or by the fluid and because external heat transfers to or from the equipment
are minimal.233 The change in fluid temperature due to an isenthalpic change in pressure is
represented by the Joule-Thomson coefficient, defined as:

The JT coefficient is equivalent to the isenthalpic lines on a fluid’s pressure-temperature
diagram. Figure 2.3 shows a general pressure-temperature diagram of a real gas. The region
where gyt is less than 0 indicates that isenthalpic expansion will increase temperature. In contrast,
in the region where g7 is higher than 0, the respective expansion will decrease temperature.33
The inversion curve is the curve that separates the two regions, and this is where the slope of
the isenthalpic lines, thus the JT coefficient, is equal to zero. Figure 2.4 displays JT inversion
curves for several fluids in the p — T plane, shown with a linear and a logarithmic scale of T.

Inversion
curve

4 Hyr<0

v

Temperature (7) —=

Pressure (p) —=

Figure 2.3: General pressure-temperature diagram of a real gas”

“Reproduced with permission of John Wiley & Sons - Books, from Cryogenic Technology In: Ullmann’s Encyclopedia of Industrial
Chemistry,33 Windmeier, Christoph & Barron, Randall F., Volume 22, 2013; permission conveyed through Copyright Clearance Center,
Inc.
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Figure 2.4: JT inversion curves for several gases in the plane of pressure and temperature’

The source of this phenomenon lies within the existence of intermolecular attraction and
repulsion in the non-ideal fluid.?® Thus, the JT coefficient can be evaluated using an equation of
state (EOS) for real gases. The expression of JT coefficient evaluated using the simplest EOS for
real gases, the van der Waals EOS, is given as:33

_ Qa/RDU -b/v)* - b
ol - (2/oRD)(1 - b/0)?]

YZiuy (2.6)

The inversion temperature, Ti,, (temperature points where gt = 0), can be derived from above
equation and is given as:

(29) (4 _ /o2
Tlnv—(bR)(1 b/U) . (27)

The maximum inversion temperature for van der Waals fluid occurs when the term b/v = 0;
hence Tinv.max = 24/bR. The maximum inversion temperature for several gases is given in
Table 2.2. For gases with maximum inversion temperature below ambient temperatures, such
as helium, hydrogen and neon, JT expansion alone is insufficient to liquefy these gases: other
means of process or equipment must be introduced into the liquefaction systems to achieve this.

Other Thermodynamic Processes

In addition to the Joule-Thomson effect, several other fundamental thermodynamic processes
play a crucial role in the gas liquefaction processes. These processes include heat transfer, gas
compression, and gas expansion with work (turbine expansion).

Heat transfer is the process of energy exchange between two substances due to a temperature
difference between them. In the context of thermodynamic refrigeration and gas liquefaction
processes, the exchange of energy is between fluid streams that are at different temperatures and
is facilitated by heat exchangers. The energy balance equation for a steady-state heat exchanger
involves equating the energy entering the system to the energy leaving the system. The energy

YReproduced with permission from Springer Nature, from The Joule-Thomson Effect, Its Inversion and Other Expansions. 2 In:
Miniature Joule-Thomson Cryocooling : Principles and Practice®® Pfotenhauer, John M. & Maytal, Ben-Zion, 2013; permission conveyed
through Copyright Clearance Center, Inc
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balance equation for a steady-state counterflow heat exchanger can be expressed in terms of the
difference in enthalpy between the two fluids.?® Assuming no heat loss to the surroundings as
well as neglecting the changes in the kinetic and potential energy, the equation is:36

iy - (g out = h1in) = titg - (hoin — ho.our)- (2.8)

The enthalpy values should be determined at the specified conditions of pressure and temper-
ature for each fluid. Also, the equation above assumes that the fluids do not undergo phase
changes (e.g., boiling or condensation) within the heat exchanger.

Gas compression is a process in which the volume of a gas is reduced by increasing its
pressure. This is achieved by using mechanical devices called compressors. Compressors take
in a gas at a certain pressure and volume, and then use a specific volume reduction mechanism,
which varies according to the compressor type, to decrease the gas’s volume and elevate its
pressure. The power required by a compressor can be calculated using thermodynamic princi-
ples, specifically based on the work done on the gas during compression. The ideal power of
a reversible adiabatic compressor, with negligible kinetic and potential energy variations, can be
calculated using the following equation:36

Wcomp,is = 1it - (hin — hout,is)' (2.9)

To calculate the actual compressor power, the isentropic efficiency of the compressor needs to be
determined. The compressor’s isentropic efficiency is defined as:*%

hin - hout,is

s = —————. (2.10)
Tis hin = hout
Thus, the actual compressor power requirement can be determined as follows:36
. i1 - (i — By s
Wcomp _ m ( in out,ls) ) (211)

Nis

Expansion with work, in this context referring to turbine expansion, is the process in which
a high-pressure fluid (in this context, gas) undergoes a controlled decrease in pressure while
performing mechanical work on the turbine. The ideal power output of a turbine is calculated
on the basis of the change in enthalpy of the fluid as it expands isentropically (reversibly and
adiabatically) through the turbine.3® The equation is given by:36

Wturb,is =m- (hin - hout,is)- (212)

To calculate the actual turbine output, the isentropic efficiency of the turbine needs to be deter-

Table 2.2: Maximum inversion temperature for several gases®3

Gas Tinomax [K]
Helium 45
Carbon Monoxide 652
Hydrogen 205
Neon 250
Argon 794
Air 603
Oxygen 761
Nitrogen 621

Methane 939
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mined. The turbine’s isentropic efficiency is defined as:36

hin = hout
s =7 - (2.13)
s hin - hout,is
Thus the actual turbine power output can be determined as follows:36
Wturb =1js -1+ (hin - hout.is)- (2.14)

2.1.2. Fundamental Liquefaction Systems
Throughout the literature?2%-3%37 on hydrogen liquefaction and cryogenic technology, there are
three fundamental liquefaction systems or cycles are commonly associated with hydrogen lique-
faction application: 1.) Linde-Hampson system (Joule-Thomson expansion cycle); 2.) Claude
Liquifier system; 3.) Joule-Brayton refrigeration cycle.

Linde-Hampson System

The Linde-Hampson system, sometimes called the Joule-Thomson cycle when used as a refrig-
erator,3* is considered as the simplest liquefaction system32. The schematic of a basic Linde-
Hampson system is shown in Figure 2.5a. Here, the working gas is first compressed to a pressure
of ca. 20 MPa and then passed to a recuperative heat exchanger, where the returning stream of
the cold gas cools the warm high-pressure working gas. At point (3), the cold high-pressure gas
will be expanded through JT valve. The stream will be in the gas and liquid phase at (4) near
ambient pressure. The liquefied gas can be withdrawn (f), while the saturated vapour could be
recycled to cool down the incoming gas (g).
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(a) Simple Linde-Hampson liquefier (b) Precooled Linde-Hampson liquefier

Figure 2.5: Schematic of Linde-Hampson refrigeration and liquefaction systems

For hydrogen application, the simple Linde-Hampson system is not applicable for liquefying
hydrogen from ambient conditions because its maximum inversion temperature is lower than the
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standard ambient temperature.3® The system could not start from the warm condition since the
hydrogen gas would only experience an increase in temperature during the isenthalpic expansion
in the JT valve. In order to make use of the Linde-Hampson principle, hydrogen needs to be
precooled below ca. 205 K. This can be achieved via Precooled Linde-Hampson liquefaction
system, shown in Figure 2.5b.

Precooled Linde-Hampson systems use separate refrigeration systems, using various refrigera-
tion fluids, to precool the main gas stream, in this case, hydrogen, such that the hydrogen enters
the original (two-stream) heat exchanger at a temperature significantly lower than ambient33.
Further modification of the Linde-Hampson systems applicable for hydrogen liquefaction is the
precooled dual-pressure Linde Hampson system,?* which could reduce the total work required
though somewhat reducing the liquid yield of the system.32

Claude Liquefier

As explained in the literature, the Linde-Hampson system is characterized by low efficiency
and is usually only considered for small-scale hydrogen liquefaction applications (less than two
TPD).231:34 The Claude system is considered more appropriate for large systems; therefore, many
industrial hydrogen liquefiers are based on this principle.?3!-3% The Claude system improves the
performance of the previous Linde-Hampson cycle by incorporating energy removal through
an expander performing work (turbine)33. Figure 2.6 illustrates the original Claude liquefier
system from 1902.
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Figure 2.6: The Claude liquefaction system

In the original Claude system, the feed gas is first compressed to pressure on the order of 40
bar.32 After passing the first heat exchanger, at point (3), about 60 to 80 per cent of the fluid
is diverted from the mainstream to be expanded through an expansion engine or turbine and
reunited with the returning stream entering the second heat exchanger (stream (e), (7) and (8)
in Figure 2.6). The main gas stream continues to experience temperature reduction through the
second and third heat exchangers and is finally expanded through the JT valve. The stream will
be in multiphase at point (6), and the liquid form is collected from the liquid receiver, stream (f),
while the cold vapour is returned to the heat exchangers to cool the incoming gas streams. Note
that the JT expansion valve is still necessary for Claude liquefier because real turbine expanders,
in practice, cannot tolerate the formation of substantial liquid without damaging its blades.3?

Compared to the basic Linde-Hampson system, the Claude system has the advantage of being
able to be used for hydrogen liquefaction applications without an additional precooling system.
According to Barron,? the FOM of a Claude liquefier is considerably higher than all Linde-
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Figure 2.7: Schematic of a simplified ]J-B refrigeration cycle for hydrogen liquefaction

Hampson cycles due to several phenomena: 1.) Removal of enthalpy in the expander delivers
refrigeration effect directly at low temperatures; 2.) Entropy production is reduced during the
isenthalpic JT expansion due to the sub-cooling of the flow at the valve’s inlet; 3.) Direct bypass
of mass flow through the expander effectively reduced the temperature difference between the
two streams in the intermediate heat exchanger. In many practical cases, the Claude system is
considered a very effective liquefaction system.

Several variations to the simple Claude system are applicable for hydrogen liquefaction, in-
cluding Kapitza, dual pressure Claude, precooled simple Claude, precooled dual pressure Claude,
and helium-precooled Claude systems.®* The performance of a Claude liquefier can be dramati-
cally improved by increasing the number of the heat exchanger or by adding a precooling process
such as a liquid-nitrogen (LN3) precooling bath.?32-3% Due to the high capital expense (CAPEX)
for adding turbine energy recovery system, in current Hy liquefaction practices, the mechanical
energy output from the expansion engine is usually dissipated through a braking system or an
external wind blower.?? This does not affect the liquid yield of the system; however, it does
reduce the system’s overall efficiency performance.

Joule-Brayton Refrigeration Cycle

The Joule-Brayton (JB) refrigeration cycle (also called reverse Joule-Brayton cycle) utilizes an
expansion engine (turbine) to expand the flow of working fluid as if replacing the throttle
of the Linde-Hampson refrigeration cycle.3® This system employs a closed refrigeration cycle
containing a pure or mixed refrigerant (MR) as the working fluid to cool the stream of the fluid
to be liquefied.>3? The schematic of a simplified JB refrigeration cycle for hydrogen liquefaction
is shown in Figure 2.7.

Theoretically, the minimum operating temperature of a JB refrigerator is limited by the re-
frigerant’s freezing temperature. However, the more practical limit would be at the condensing
point of the refrigerant since multiphase flow in turbines is technically challenging and often
avoided.?? This determines whether the JB system would be capable to liquefy hydrogen by
itself. However, the cycle can be useful as a precooler system for Linde-Hampson and Claude
liquefaction systems.?! Chang et al.*? reported that using two turboexpanders in series or parallel
could enhance the thermodynamic efficiency of a conventional JB refrigeration cycle. Numer-
ous gas liquefaction system designs have incorporated the JB refrigeration cycle throughout the
conceptual and real applications. Traditionally, reverse Joule-Brayton cycle has only been con-
sidered for small-scale hydrogen liquefaction plants, but lately, there has been growing interest
in its application in high-capacity systems.522-31.34
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2.1.3. Fundamental Properties of Hydrogen

Scientists estimate that hydrogen makes up a significant portion of the material world, accounting
for 90% of the total atoms or 75% of the total matter in the universe, surpassing helium, the
second most common element.?>4! Hydrogen is present primarily in atomic and ionic states in
space, with some existence in molecular form. On Earth, however, hydrogen is mainly bonded
with other atoms in chemical compounds, including water and hydrocarbons.3?

Hydrogen’s natural occurring isotopes, protium, deuterium, and tritium, can combine and
form diatomic molecules. However, since tritium is unstable and radioactive, and deuterium
is incredibly scarce compared to protium (which has an abundance of more than 99.98%),
only the properties of hydrogen molecules comprising protium are considered for industrial
applications.®” In this work, the term "Hydrogen (Hy)" refers only to protium-based hydrogen
molecules. This section discusses hydrogen’s fundamental characteristics as a molecule, empha-
sising its peculiar thermodynamic properties in low temperatures, significantly impacting the
development of the hydrogen liquefaction cycle.

Spin Isomers of Hydrogen

Molecular hydrogen exists in two isomeric variations, ortho- and para-hydrogen, distinguished
by the nuclear spin state of the protons in each hydrogen atom.? Ortho-hydrogen (o-Hs) is
when the two proton nuclear spins of the hydrogen molecule is aligned in parallel, while para-
hydrogen (p-Hj) is when the nuclear spins are in the opposite direction.??%9 Figure 2.8 shows
a schematic representation of these two nuclear spin isomers.

®© ®© © ®©

‘@ || (@ O

Orthohydrogen Parahydrogen

Figure 2.8: Ortho- and para-hydrogen spin isomers; p-proton and e-electron, while the arrow
correspond to the spin direction of the nucleus

The ratio of the average number of all hydrogen molecules in the p-Hy form and that in
the o-Hg form at equilibrium conditions varies with temperature. The equilibrium mixture at
a given temperature is called the equilibrium-hydrogen (e-H3)32. Table 2.3 and Figure 2.9
show the fraction of para-hydrogen at equilibrium as a function of temperature. The impact
of pressure on hydrogen equilibrium concentrations is considered insignificant.34*? The ratio
between the ortho-para isomers affects the overall magnetic, optical, volumetric and thermal
properties of the hydrogen.?* At ambient temperatures and above, a pseudo-pure substance
commonly known as normal hydrogen (n-Hs) consisting of 75% o-Hg and 25% p-Hg provides
an excellent representation for estimating hydrogen properties.?

Table 2.3 and Figure 2.9 implies that if hydrogen at room temperature is cooled to a tem-
perature close to its normal boiling point (+20.27 K), there is a conversion from ortho- to
para-hydrogen as the temperature of hydrogen decreases. During the transition, the original
o-Hg molecules drop to a lower molecular-energy level, thus, releasing a quantity of energy (an
exothermic reaction) called the heat of conversion.3? The reaction enthalpy of this conversion
process is plotted as a function of temperature in Figure 2.9. At the normal boiling point of
hydrogen, the conversion heat is 703.3 kJ/kg, which is significantly higher than its latent heat of
vaporization, which is 443 k]J/kg.
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Unfortunately, in the absence of a catalyst, the process of converting ortho- to para-hydrogen
happens very slowly.3? Consequently, when normal-hydrogen is liquefied, the liquid hydrogen
has essentially room-temperature compositions (of o-Hy and p-Hsz) unless extra measures are
being taken to accelerate the conversion process.?? Finally, the unconverted normal liquid hy-
drogen (the unconverted o-Hy fraction) will slowly convert to p-H2, releasing sufficient heat
to vaporize a substantial amount of the liquid.3° For LHy with n-H9 initial composition, the
evaporation rate, namely boil-off, is about 1 percent of the stored liquid per hour.3? Timmerhaus
and Flynn?? demonstrate how the boil-off of LHy varies over time as a result of the initial
ortho-hydrogen concentration, as shown in Figure 2.10.

Table 2.3: Equilibrium concentration of
para-hydrogen in equilibrium hydrogen3?

1.00 0
Temperature [K] Mole fraction of p-Hg N
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Figure 2.10: Fraction of liquid hydrogen evaporated due to ortho-para conversion as a function of time?

“Used with permission of John Wiley and Sons, from Kinetics and Heat Exchanger Design for Catalytic OrthoPara Hydrogen
Conversion during Liquefaction In: Chemical Engineering & Technology,® Harald Klein, Lutz Decker, Umberto Cardella, et al, 2019;
permission conveyed through Copyright Clearance Center, Inc

9Reproduced with permission from Springer Nature, from Properties of Cryogenic Fluids In: Cryogenic Process Engineering, Klaus
D. Timmerhaus and Thomas M. Flynn, 1989; permission conveyed through Copyright Clearance Center, Inc.
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Figure 2.10 illustrated that to bring the boil-off losses inside the cryogenics tanks or vessels
to a minimum, the conversion process must occur during the liquefaction process before the
LHy is stored. Thus, catalyst materials are often integrated into the liquefaction system to
speed up the conversion process and allow the released heat to be absorbed by the liquefier.?32
According to Valenti,?? The catalytic conversion process can be achieved in two modes: batch
and continuous mode. Batch mode is executed via reactors which can be either adiabatic or
isothermal. In continuous mode, the catalyst is packed inside the heat exchangers of the liquefier
system. Since the enthalpy of the reaction is lower at higher temperatures, and heat removals are
thermodynamically more efficient (as described by the Carnot refrigeration cycle), it is preferable
to perform the ortho- to para-hydrogen conversion in a continuous process along the equilibrium
hydrogen curves.?%%4 Although, in actual kinetic reactors, the catalytic conversion never actually
reach the theoretical equilibrium compositions of ortho- and para-hydrogen fractions.??

Catalytic Conversion of Ortho-Para Ha

Comprehension of the reaction kinetics involved in catalytic conversion of o-Hg to p-Hg is
important as it influences the thermodynamic efficiency and economic feasibility of hydrogen
liquefaction process design.?? In general, the kinetics of catalyzed conversion of ortho-para Hy
can be sufficiently described by the first-order kinetic model equation®2243;

# = kpmol (Xpara — Xpara) - (2.15)

where k is the rate contant given as*®

E,

exp|——-

P\"Rrr
= - (2.16)

p( b)
Xp \4Pmol +

The activation energy, E,, and the rate constant parameters, 4 and b, are all assumed to be
constant and do not vary with temperature, pressure and concentration. Curve fitting of three
sets of experimental data%6-48 has determined that the average values of E,, a and b are 336.45
J/mol, 2.2 x 1073 mfat-s/mol and -35.11 x 10~ 3 mfat-s/m%2, respectively.43*45 The Langmuir-
Hinshelwood approach was also used to incorporate the effects of adsorption and desorption on
the catalyst surface to the first-order equation mentioned above.*3 However, this modification
did not result in any notable enhancement in agreement with the experimental conversion data.

Solid catalysts are used in hydrogen liquefaction to convert hydrogen spin-isomers through
two mechanisms: spin-conversion at magnetically ordered surfaces or spin-conversion at para-
magnetic surfaces.? According to Barron,3? catalysts proven effective for ortho-para conversion
are 1.) Hydrous ferric oxide; 2.) Chromic oxide on alumina particles; 3.) Charcoal and silica
gel; and 4.) Nickel-based catalyst. Among all these materials, the hydrous ferric oxide-based
catalyst is reported to be the most active catalyst for this application.?? Additionally, due to the
low groduction cost of hydrous ferric oxide, it is widely used in the hydrogen liquefaction indus-
try.2 Solid catalysts are very sensitive to certain impurities such as N9, CHy, COy, H2S, et cetera,
which can act as temporary poisons or cause permanent damage to the activity performance of
the catalyst.232 For this reason, because they might solidify and cause blockage, such impurities
are normally removed early in the liquefaction system through adsorption.

Thermodynamic Property of Molecular Hy

Adequate knowledge of hydrogen thermodynamics properties is paramount in hydrogen lique-
faction. Leachman et al.*” developed the state-of-the-art Helmholtz free energy-explicit funda-
mental EOS for ortho-, para-, and normal-hydrogen, valid from the triple point of the temper-
ature of each fluid ( 14 K) to 1,000 K for pressures up to 20,000 bar. The critical point and
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triple conditions used by Leachman et al. in developing the reference EOS of hydrogen are
shown in Table 2.4. According to the paper’?, Leachman EOS for para- and normal-hydrogen

Table 2.4: Critical- and triple-point properties used by Leachman et al.*® state-of-the-art para-, ortho-
and normal- hydrogen EOS

Temperature [K] Pressure [bar] Density [mol-dm~3]

Para-hydrogen

Critical point 32.938 12.858 15.538
Triple point 13.8033 0.07041 38.185
Normal-hydrogen
Critical point 33.145 12.964 15.508
Triple point 13.957 0.0736 38.2
Ortho-hydrogen
Critical point 33.22 13.1065 15.445
Triple point 14.008 0.07461 38.2

have relatively small uncertainties, with the uncertainties in densities of 0.1% at pressures up
to 400 bar and temperature up to 250 K, except near the critical point where an uncertainty of
0.2% in pressure is observed. At temperatures between 250-450 K and pressures up to 3,000
bar, the uncertainty in density is even lower, at 0.04%. The uncertainties of the heat capaci-
ties are estimated to be at 1.0% for both para- and normal-hydrogen below 1,000 bar. Minor
deviations are also seen in other properties, such as the speed of sound, vapour pressures and
saturated liquid densities. It is anticipated that the differences in the ortho-hydrogen EOS will
be comparable to those found in the formulations of para- and normal-hydrogen. However, no
direct comparisons have been made due to a lack of experimental data for o-Hy. These minor
uncertainties make Leachman EOS more than sufficient for developing and improving hydrogen
liquefaction processes, provided that the ortho-parahydrogen ratio is appropriately monitored
or managed at every stage.

Most commercial process simulation software packages utilize cubic EOS, such as the Peng-
Robinson EOS, to calculate thermodynamic properties for pure fluids and their mixtures. How-
ever, the cubic-type methodology is usually unreliable for predicting properties of fluids such as
hydrogen, helium and neon, where quantum effects play a significant role in determining their
critical properties. REFPROP®Y (ver. nine and above), a low-cost software developed by the
U.S. National Institute of Standards and Technology (known as NIST), employs the Leachman
EOS as the main reference for calculating ortho-, para- and normal-hydrogen properties; hence,
they are currently regarded as the most accurate computational tool for the thermodynamic and
transport properties of hydrogen.3?

In 2012, Valenti et al.>! reported that the choice for the heat capacity model in the ideal
gas state of hydrogen pure forms (0-H9 and p—Hg) and their mixtures (e-Hy and n-Hjy) is
paramount for accurate and robust hydrogen liquefaction simulation. Valenti et al. modelled
the equilibrium-hydrogen ideal gas heat capacity based on Le Roy et al.’? works in 1990. The
volumetric behaviour of the equilibrium-hydrogen in low-temperature regions is approximated
by pure para-hydrogen since equilibrium-hydrogen is mainly composed of para-hydrogen in
cryogenic conditions. The paper3?®! concluded that the choice of EOS is of lesser importance
compared to the ideal gas heat capacity model in the overall hydrogen liquefaction simulation;
however, it plays a vital role in sizing a plant’s operational units which are strongly affected by
volume flows (accurate density estimation).

‘Reprinted from Fluid Phase Equilibria, 504, Silvia Lasala, Romain Privat, Philippe Arpentinier, Jean-Noél Jaubert, Note on the
inconsistent definition assigned in the literature to the heat capacity of the so-called equilibrium hydrogen mixture,>® 112325, Copyright
2020, with permission from Elsevier
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Figure 2.11: Comparison of reduced specific heat capacity of p-Hj, o-Hy, literature ’equilibrium’-H,; and
and actual equilibrium-H,*

Le Roy et al.’2 and Valenti et al.>! reported the ideal gas heat capacity values of equilibrium
hydrogen as a function of temperature in their publications. However, the term "equilibrium
hydrogen heat capacity" in these cases is misleading, as the reported heat capacity values are
equivalent to a fictive pure component with the same enthalpy as a reacting mixture of para-
and ortho-hydrogen at chemical equilibrium. This inconsistent definition in the literature is
exposed and explained relatively recently by Lasala et al.?3. Using the fundamental definition of
heat capacity and perfect gas mixture, Lasala et al.>3 shows that the published ideal gas-specific
heat capacity values of the binary mixture of ortho- and para-hydrogen at equilibrium (e-Hs)
contradicts the underlying theory as they do not lie in the intermediate values between specific
heat capacity of the ortho- and para-hydrogen components which form the equilibrium mixture.
Comparison between the reduced gas heat capacities of e-Hy reported in past literature®!52, and
the actual reduced heat capacities of e-H9 based on the equilibrium hydrogen compositions, as
functions of temperature, is shown in Figure 2.11.

However, the model in the past literature of the pseudo-pure component having the same
enthalpy as the reacting mixture of p-Hy and o-Hy at chemical equilibrium gives practical
advantages for process simulation of hydrogen liquefaction. With this approach, the cooling
duty of continuous catalytic heat exchangers in liquefier systems can be calculated using a
simple heat exchanger model in the process simulation. The pseudo-component heat capacity
aggregates sensible heat effects and thermal effects due to compositional change. Henceforth in
this work, the pseudomodel of "equilibrium hydrogen" by Le Roy et al.’? and Valenti et al.3%-5!
will be referred to as "pseudo equilibrium hydrogen" or "pseudo-e-Hj".

2.2. Existing and Conceptual Hydrogen Liquefaction

2.2.1. Industrial Liquid Hydrogen Production

According to a recent review article?, the existing hydrogen liquefaction plant SEC ranges from
10-15 kWh/kgy 11,, with FOM ranging from 20-30%. This high energy consumption is in part
because the scale of the existing liquefiers is relatively small (less than 32 TPD per liquefaction
system), leading to designs that focus on lower CAPEX instead of high efficiency. As mentioned
in the Introduction, the high SEC values of LH9 production will add to the cost and carbon
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footprint of end-use hydrogen. The most recent hydrogen liquefiers are based on Claude cycle
modifications and employ a catalyst-packed heat exchanger to continuously convert ortho- to
para-hydrogen continuously.? In general, industrial hydrogen liquefaction systems are designed
to produce LHy with a para-hydrogen concentration exceeding 95%.39

The history of the establishment of hydrogen liquefaction plants has been described in the
literature. 23454 However, detailed performance reports of existing hydrogen liquefiers are quite
scarce in the literature. Thus, this section will briefly discuss only two built liquefaction systems:
1.) Linde-Leuna; and 2.) Praxair. Other major gas liquefaction companies, such as Air Products
and Air Liquide, have also constructed hydrogen liquefaction plants around the world; however,
there is no publicly available information about how these plants are performing. Recently,
Chart Industries and Kawasaki Heavy Industries (KHI) have also successfully demonstrated
their hydrogen liquefaction solutions.?>>6 In 2022, Air Products announced their plan to start
construction of a second hydrogen liquefaction plant in Rotterdam, which will double Europes
current liquid hydrogen capacity on opening in 2025.57-58

Linde-Leuna

Linde Kryotechnik AG has designed multiple hydrogen liquefaction facilities of various sizes in
different parts of the globe.”® Linde’s Hy liquefaction plant in Leuna, Germany, works based
on a modified precooled hydrogen Claude cycle where LNy is used in the precooling system
and Hg recycle stream for cryogenic cooling.2% The significant improvements from Linde’s
previous, now decommissioned, Ingolstadt liquefaction plant are the implementation of dynamic
gas bearing turbines, ejector to reliquefy boiling gas and flash gas, and packing of Fey(OH)3
catalyst to promote continuous ortho-para conversion.?

The simplified process flow diagram of the Leuna liquefier is shown in Figure 2.12. The
reported SEC and exergy efficiency values for the Leuna plant are 11.9 kWh/kg; i, and 23.6%,
respectively. The plant was originally built in 2007, with a capacity of 5 TPD.5? According to a
recent report,>60 the capacity of the plant doubled to 10 TPD in 2021.

Praxair

Praxair has five hydrogen liquefaction plants in the USA, with capacities ranging between 18-36
TPD. Its largest plant is a double-train liquefier.25459 These plants operate based on a modified
precooled Claude cycle that includes three heat exchangers and continuous ortho-para conversion.
This system utilizes nitrogen gas and refrigerant from an external cycle as the primary coolant
in the first heat exchanger. The main cooling agents in the second heat exchanger are liquid
nitrogen and the hydrogen recycle stream, while the third exchanger uses the hydrogen stream
alone.2%% The typical SEC of Praxair’s plants are between 12.5-15 kWh/kgry, while the exergy
efficiency (FOM) is between 19.3-24%.25459 In 2018 Praxair merged with Linde AG to form
Linde plc and the name Praxair was discontinued in 2020 in the US.

2.2.2. Conceptual Hydrogen Liquefaction System

Over the last 30 years, many conceptual hydrogen liquefaction processes have been published
in the literature.?3%6! Unlike in most existing hydrogen liquefiers, where the design’s primary
focus is to reduce CAPEX, conceptual models are developed to demonstrate how the efficiency of
the hydrogen liquefaction process can be improved. The SEC of these conceptual models ranges
from 4-14 kWh/kg of LHj, with a capacity of between 50 and 864 TPD.%3%61 Most conceptual
studies have primarily focused on "pure" simulations!® using commercial process simulation

fReproduced from Hydrogen Liquefaction: A Review of the Fundamental Physics, Engineering Practice and Future Opportunities?
with permission from the Royal Society of Chemistry.
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Figure 2.12: Schematic diagram for the Linde-Leuna hydrogen liquefier’

software such as Aspen HYSYS, Aspen Plus, UniSim, ChemCAD, et cetera, with limited attention
given to overall expenses, operational feasibility, and technological readiness.?!861

In 2021, researchers collaborated on a thorough literature review on hydrogen liquefac-
tion fundamental physics, engineering practice and prospects.? This review offers an extensive
overview of feasible concepts for large-scale hydrogen liquefaction, among other aspects. The
screening criteria proposed in the review paper? for the potentially viable large-scale process are
as follows:

¢ Capacity > 50 TPD,

SEC values between 4-10 kWh/kgy p,.,
FOM > 0.23,

¢ Inclusion of novel but attainable technologies

In addition, this review presented a few of the associated cost estimates and projections of the
feasible conceptual large-scale methods documented in the original publications. These process
economic studies usually provide the plant’s specific liquefaction cost (SLC). Specific liquefaction
cost is defined as the total cost, which includes CAPEX, OPEX and Operation & Maintenance
(OM) annual cost, to produce 1 kg of liquid hydrogen:
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CAPEX, + OPEX, + OM,

ML Hya

SLC = (2.17)

The SLC for current liquefaction processes is in the range 2.5-3.0 US$/kgyy, .22

The subsequent subsections briefly overview some of the conceptual hydrogen liquefaction
processes on a large scale described in recent reviews.2346! The concepts of large scale hydrogen
liquefiers are grouped according to the type of basic cryogenic systems adopted in the designs.

Conceptual Modified-Claude Hy Liquefier

Kuendig et al.2?* developed a conceptual Hy liquefier with a capacity of 50 TPD using a
Claude cycle that incorporates precooling via both LNG and nitrogen gas. LNG was chosen
as the working fluid for the liquefaction of hydrogen due to its potential accessibility at the
site of liquefaction and its potential for use in generating hydrogen through steam methane
reforming. Additionally, the proposed concept utilizes LNG re-gasification at an import terminal
as a precooling system, which would help decrease the specific energy consumption (SEC) of the
overall process. Similar concepts were also proposed by Faramarzi et al.5? for larger-scale (369
TPD) applications. Assuming a hydrogen feed pressure of 20 bar, the proposed design’s SEC
can reach a minimum value of 8.85 kWh/kg;y, and FOM of 0.47.52 Based on the economic
analysis, the minimum selling price of LH9 the liquid hydrogen produced from the LHy-LNG
integration plant is 2.07 US$/kgy p, assuming three years of payback time.

Japan’s WE-NET Project, in 1994-2002, reviewed variety of process concept for 300 TPD
hydrogen liquefier.?6 The project proposed the hydrogen Claude cycle with a closed loop nitrogen
precooling cycle as the favored option. The liquefaction process is complex and necessitates a
significant nitrogen liquefaction system to be in place, as it is needed to transform the gaseous
nitrogen back into a liquid state following its use in the pre-cooling stage.? The calculated SEC
and FOM of the WE-NET process concept with 1 bar feed pressure are 8.72 kWh/kg;y, and
0.46, respectively.

Cardella et al.?263-65 designed two 100 TPD Hjy liquefaction concepts through process devel-
opment and optimization that are highly feasible in the near future. The first process concept is
designed with a high-pressure Hydrogen Claude Cycle. The second process concept utilizes two
cryogenic refrigeration cycles: Hydrogen-Neon Mixture Brayton Cycle and Hydrogen JT Cycle.
The first process suggested by Cardella is deemed more mature from a technical standpoint
when compared to the second process. Therefore, this concept has relatively lower technical
risks for near-term implementation; thus, this makes it one of the most promising conceptual
designs at the time of this writing. After further cost-optimization process and inserting actual
unit operations data into the model, the SEC of Cardella’s process is around 5.8 kWh/kgy u,
with and 6.5 kWh/kg; i, without turbine recovery assuming hydrogen pressure feed of 25 bar.
Cardella’s design also shows that SLC below 1 US$/kg; 1y, can be achieved in large-scale hydro-
gen liquefaction processes. Berstad et al.?! developed a similar process design for a hydrogen
liquefaction plant with a capacity of 125 TPD.

Conceptual Joule-Brayton Hy Liquefier

The IDEALHY (Integrated Design for Efficient Advanced Liquefaction of Hydrogen) project®?66
ultimately produced a conceptual design of hydrogen liquefier based on an MR precooled Joule-
Brayton refrigeration cycle with 'nelium’ (75% helium and 25%) as the primary working fluid.
The capacity of the conceptual plant is 50 TPD. The precooling system employs a mixed refrig-
erant comprising nitrogen, methane, ethane, propane and n-butane to cool the hydrogen stream

8Reproduced from Hydrogen Liquefaction: A Review of the Fundamental Physics, Engineering Practice and Future Opportunities?
with permission from the Royal Society of Chemistry.
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Figure 2.13: Schematic diagram for high pressure Hy Claude cycle by Cardella et al.#

to 130 K. Four adiabatic converters promote ortho to para conversion in the temperature range
of 130-85 K and continuously in catalyst-packed heat exchangers at lower temperatures (< 85
K). The reported SEC and FOM values of the system for hydrogen feed pressure of 20 bar are
6.7 kWh/kgy 11, and 0.32, respectively. The IDEALHY Project also claims that heat integration
with nearby LNG import and regasification terminals could significantly reduce the SEC to 0.62
kWh/kgy.11,-6 The SLC of the IDEALHY liquefaction concept is reported to be ~ 1.93 US$/kgyp,-

Krasae-in?® proposed a hydrogen liquefier system based on four cascaded hydrogen Joule-
Brayton refrigeration cycles with precooling stage using MR of hydrogen, nitrogen, methane,
ethane and butane. The conceptual plant capacity is 100 TPD. When the hydrogen pressure
supply is 21 bar, the reported SEC and FOM values are 5.91 kWh/kgy 1y, and 0.391, respectively.
Quack proposes a conceptual design of a 170 TPD hydrogen liquefier.2? The system is based on
propane precooling and helium-neon Joule-Brayton refrigeration cycles. With a hydrogen feed
pressure of 1 bar, the reported SEC and FOM of Quack’s model are 6.93 kWh/kgy 5, and 0.32,
respectively. However, there is a concern raised by NTNU-SINTEF that the high-efficiency value
achieved by Quack’s model is correct since their internal process simulation indicated that the
configuration of the proposed propane refrigeration is impractical for low power consumption.?*
Additionally, the proposed helium-neon mixture has inferior refrigerant heat transfer properties
compared to hydrogen, commonly found in today’s hydrogen liquefaction plant.>* Berstad et
al.%7 modified the previous model to a more feasible concept by replacing one of the propane
precooling stages with a single-stage ethane. The report also shows that a slight improvement
in efficiency can be achieved by replacing the propane precooling system with a closed MR cycle
with three-stage compression.

Valenti & Macchi?® developed a 864 TPD hydrogen liquefier process concept involving four
cascaded Joule-Brayton refrigeration cycles using helium as the refrigerant. The reported SEC
value of this liquefier concept is 5 kWh/kg; 1j,, corresponding to an exergy efficiency of approx-
imately 48%. Nevertheless, achieving this idea is quite challenging and may not be feasible in
the short term because it demands numerous compressor stages owing to the low molar mass
of helium, resulting in increased capital expenses.? Additionally, this study assumed a relatively
high hydrogen feed pressure of 60 bar, which would significantly enhance the efficiency per-
formance of liquefier systems. It is important to note that performance comparison between
hydrogen liquefaction processes should not be taken directly since such direct assessment will
only favour models that assume higher Hy feed pressure. Berstad et al.®® devised a complete

"Reproduced from Hydrogen Liquefaction: A Review of the Fundamental Physics, Engineering Practice and Future Opportunities?
with permission from the Royal Society of Chemistry.
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Figure 2.14: Schematic diagram for H, liquefier developed in the IDEALHY Projecth

procedure for comparing multiple hydrogen liquefaction processes while considering variations
in feed characteristics, generating a more consistent comparison result. To ensure a more rea-
sonable comparison of all the built and conceptual hydrogen liquefaction processes discussed so
far, Berstad et al.®® recommended adhering to this comparison methodology.

2.3. Equipment for Hydrogen Liquefaction

This section will outline the critical equipment for hydrogen liquefaction and their respective
roles in the overall process efficiency. The critical process equipment in industrial hydrogen
liquefaction plants are:

* Heat exchangers,

e Compressors, and

¢ Turbine/turbo expanders
These components will be the main focus of the equipment design part of this thesis. Other es-
sential equipments in hydrogen liquefier are the cryogenic coldbox and JT valve. Other standard
equipment commonly found in industrial process plants, such as phase separators, pipes, valves,

pumps, coolers, chillers, instrumentation, and measuring devices, are not covered in detail in
this thesis.
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2.3.1. Heat Exchangers

Heat exchangers are critical in any low-temperature liquefaction and refrigeration system. In
industrial hydrogen liquefiers, aluminium plate-fin heat exchangers (PFHX) are widely used due
to their versatility in terms of process channels and capacity, as well as providing a large surface
area for exchanging heat with minimal internal temperature approaches and pressure drops
while requiring comparatively minimal space and low capital expenditure.!8223969 Aluminium
PFHX can be designed to withstand a maximum pressure of approximately 115-130 bar.218.22
Figure 2.15 shows the schematic drawing of a brazed plate-fin heat exchanger. The warm
and cold process streams through stacked passages, with up to 200 passages per stack.!® The
main hydrogen passages in the PFHX are often filled with catalyst particulates to promote the
continuous and thermodynamically more efficient conversion of ortho- to para-hydrogen within
the heat exchangers.? Hydrous ferric oxide, Fe(OH)3, is the commonly used catalyst material for
this application.??4” Figure 2.16 shows an illustration of the catalytic plate-fin heat exchanger.

Figure 2.15: Schematic drawing of an brazed plate-fin heat exchanger. Courtesy of Linde AG;/
a) Process streams; b) Header tank; ¢) Distribution fins; d) Corrugated heat-transfer fins; e) Partition
plate; f) Side bars

According to Cardella,?? PFHX can be designed to exchange heat between 8 different process
streams. Based on the second law of thermodynamics, the temperature differences between
streams should be minimized to achieve higher thermal efficiencies. Large and rapid temper-
ature differences should be avoided to keep thermal and mechanical stresses below acceptable
limits. Therefore, the temperature differences within the PFHX should be limited to below 30
K. Different types of fins of PFHX are available for heat transfer, which is chosen depending
on the application. According to Donaubauer et al.*3, perforated fins are preferred to give an
improved catalyst distribution in the reacting hydrogen stream passages. According to Linde AG,
the practical fin height is between 4-10 mm while the fin thickness varies between approximately
0.2-0.6 mm.??

The irreversibilities associated with the cryogenic heat exchangers are significant to the overall
exergy efficiency of the process plant. Ohlig and Decker®** reported that the total exergy losses

Reproduced with permission of John Wiley & Sons - Books, from Cryogenic Technology In: Ullmann’s Encyclopedia of Industrial
Chemistry,33 Windmeier, Christoph & Barron, Randall F., Volume 22, 2013; permission conveyed through Copyright Clearance Center,
Inc.
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in the heat exchangers could be up to 21.6% of the total exergy input to a typical hydrogen
liquefaction process. More recently, Berstad et al.?! calculated that the cryogenic heat exchangers
contributed to approximately 21% of the total irreversibilities in conceptual liquefaction plant
with a capacity of 125 TPD. Berstad et al. use the assumption of equilibrium conversion of
ortho-para in the heat exchanger; thus, the exergy losses originated only from finite-temperature
heat transfer and pressure loss. Skaugen et al.” used a more detailed mathematical modelling
(non-equilibrium) approach for calculating the exergy losses in these PFHXs, and comparisons

show that higher irreversibilities are generated in the heat exchangers.

Generally, increasing the size of the PFHX would provide more heat transfer surface area
and volume, which would eventually result in a higher exergy efficiency and increase the capital
expenditure of the plant. Although, the size of PFHX is also limited by the manufacturability
of the equipment and other practical reasons, such as process design, number of streams, design
pressure and available space inside the coldbox.?? Linde A.G. reported the maximum geometrical
dimensions for hydrogen liquefaction application is approximately 8.2 m x 3.4 m x 1.5 m, with
a core volume of 15-30 m3 and a specific surface of 500-2,000 m?2/m3.2

Preliminary Design of Plate Fin Heat Exchangers

The general heat transfer equation between streams across heat exchanger is:”!

Q=U-A-ATy,. (2.18)

In process simulation, the value of Q is determined by applying the first law energy balances,
similar to Equation (2.8). On the other hand, the ATy, is typically evaluated from the composite
curves of the cold and warm streams. Finally, the value of U- A is calculated accordingly.

For preliminary sizing of multi-stream aluminium PFHX, the total heat transfer surface area
of the PFHX can be from U- A simulation value by assuming the overall heat transfer coefficient
value.?27%73 The assumed heat transfer coefficients for the PFHX inside the hydrogen liquefier
coldbox and the precooling coldbox are 0.1 kW/m? and 0.2 kW/m?2, respectively.?%’2 Thus, the
total heat transfer surface area can be calculated as follows:

(U ' A)sim

AhX = Uhx

(2.19)

Similarly, the PFHX volume requirement can be estimated from the calculated heat transfer
surface by assuming the value of the specific surface of the PFHX. According to Cardella,??

iReproduced from Hydrogen Liquefaction: A Review of the Fundamental Physics, Engineering Practice and Future Opportunities?
with permission from the Royal Society of Chemistry.
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Haring’? and ALPEMA?? the specific surface of indutrial PFHX is approximately 500-700 m?/m?3;
thus:
Anx
Ving = 20X
hx s hx

(2.20)

Cardella?? suggested that if the required PFHX volume is larger than the maximum feasible
volume of PFHX, given in the design constraints, then multiple PFHX cores are assumed to be
installed in parallel arrangement inside the coldbox. Due to size limitations of the coldbox, the
number of parallel PFHX units should be restricted to a certain extent.??

Another option for performing the preliminary design of PFHX is to use commercial heat
exchanger design software, such as ASPEN Exchanger Design and Rating (EDR)™ or HTRI
Xchanger Suite®. These tools offer advanced thermal process design including sizing, check-
ing/rating, and various rigorous simulations backed by applied research and data collected on
industrial heat transfer equipment. In ASPEN EDR™ the design programme options for PFHX
is capable of giving a quick preliminary design of the geometry and configuration as well as
the thermal and hydraulic calculation of the equipment based on process data from the user.
The software claims that the default software setups are appropriate for most cases. However,
ASPEN EDR™ also stated that the design produced from this feature is a "first-shot" design. A
full design can normally only be produced by a manufacturer, who will have proprietary per-
formance data for specific fins, and will undertake full mechanical calculations and layer pattern
definition, which are beyond the scope of a "first-shot" design.

For the sizing and preliminary design of the catalyst-filled PFHX with ortho-para Hs
conversion, the kinetic PFHX model by Donaubauer et al.*3 has been used.?? Donaubauer et
al.*3 developed a steady-state one-dimensional pseudo-homogeneous continuum reactor model
of the counterflow-cooled catalytic plate-fin heat exchanger, combining kinetics with heat, mass
and momentum transfer correlations along with the state-of-the-art EOS. Donaubauer et al.*
evaluated the first-order and Langmuir-Hinshelwood approach for ortho-para conversion kinet-
ics over the hydrous ferric oxide (Fe(OH)3) catalyst and found the former to be the most accurate
kinetic model for this case. Therefore, the first-order kinetics, shown in Equation (2.15), is im-
plemented in the PFHX model. The equation of state for n-Hg, o-Hs and p-Hy by Leachman et
al.# in REFPROP? is used.

The sizing of the PFHX model by Donaubauer et al.*3 mainly refers to the geometrical
dimensions of the aluminium PFHX by Linder AG, with several additional assumptions. As
reported by Donaubauer et al.*3, the PFHX model can be used to calculate the temperature
profiles of the hydrogen stream and refrigerant streams as well as the mole fraction of para-
hydrogen as a function of the axial length of the PFHX. Cardella?? utilized the kinetic PFHX
model in the process modelling and equipment design of a large-scale hydrogen liquefaction
process (100 TPD). The model is used to compute the outlet temperature, outlet pressure and
the outlet mole fraction of p-Hg, as well as the necessary geometrical specifications of the PFHX
due to the catalytic conversion of ortho- to para-hydrogen in the hydrogen feed stream flowing
across the exchanger. Based on these results, the required Fe(OH)3 catalyst volume can be
determined.??

Recently, O’Neill et al.*®> expanded the kinetic modelling study of PFHX with ortho-para
conversion kinetics of Donaubauer et al.*® but with several distinctions: 1.) More precise
analysis of the catalyst fraction; 2.) More comprehensive understanding of the reactor design by
examining factors like alternative refrigerants (e.g. Helium/Neon) and reactor length; 3.) The
simulation study investigates the impact of various modelling parameters on reactor design to
determine the relative influence of conversion kinetics versus heat transfer. O’Neill et al.*® also
adjusted the a and b first-order rate constants in Equation (2.16) (from the original values by
Donaubauer et al.%3) to take into account the space-velocity and catalyst fraction. Based on their
simulations, O’neill et al.*> discovered that the pressure drop of the hydrogen stream across

kAs mentioned in ASPEN EDR™ V12 software Help pages
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the catalyst-filled channels is insignificant due to the low velocity and viscosity of the reacting
hydrogen. Moreover, the outlet para-hydrogen fraction is greatly more sensitive to changes in
kinetic-related parameters than the alterations in the cold-side heat transfer coefficient, indicating
that conversion kinetics are the limiting factor of the outlet hydrogen composition.

2.3.2. Compressors

Compressors are crucial for the optimization of scale-up hydrogen liquefaction plants. Feed
compression and compression required in the refrigeration cycle account for over 90% of overall
power consumption.>?259 Higher feed pressure can reduce the work needed in the liquefaction
system; although, the maximum allowable pressure in the heat exchanger often limits them.>’%
Typically, hydrogen is delivered at a pressure above 15 bar from SMR and electrolysis plants.?
Additionally, Berstad et al.?! reported that the compression system, which comprises compressors
and intercoolers, contributes to a large portion of the exergy losses in a conceptual hydrogen
Claude cycle liquefier. Due to the significant contribution of irreversibilities, the performance of
compressors significantly affects the plant’s operating expenses.?® However, higher compression
performance also demands higher capital cost. A custom-made compression system can easily
account for up to 50% of the total expenses for equipment investment.?

The efficiency of the compressor greatly influences the exergy efficiency of the hydrogen
liquefaction process. The compressor’s isentropic efficiency is determined by its type, capacity,
and design. Electric motors are commonly used to drive compressors in hydrogen liquefiers,
with mechanical efficiencies up to 0.96. On the other hand, electrical efficiencies up to 0.97 can
be achieved when using large motors.??

The selection of compressor varieties is limited to the highest attainable capability.?? Figure
2.17 shows the type and application conditions of compressors that are commonly found in pro-
cess industry. Generally found in built liquefiers are the reciprocating piston and rotary screw
compressors.?244 In conceptual hydrogen liquefactions, reciprocating piston and turbo/centrifu-
gal compressors have been widely considered.?3* Oil-injected rotary screw compressors require
relatively lower CAPEX; however, the efficiencies of these machines are low (95 = 0.65-0.75)
have not seen significant improvements over time.?2%% Hence, to this day, the use of rotary
screw compressors are limited to small-scale hydrogen liquefaction plant (< 3 TPD).? For this
reason, rotary screw compressors will not be considered in developing the large-scale hydrogen
liquefaction process in this thesis.
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Reciprocating piston compressors are state-of-the-art for compressing hydrogen gas streams
in industrial hydrogen liquefiers.?259 The advantages of reciprocating piston compressors are the
relatively high efficiency range (9is = 0.75-0.92) and high compression ratio that is feasible per
stage, even for fluids with low molar mass such as hydrogen.??. It also offers high design flexi-
bility, as these machines can be designed in many different configurations and orientations.3*76
However, reciprocating compressors have relatively high maintenance demands and most cannot
meet the minimum requirement of continuous, uninterrupted operation for two years. There-
tore, if the required flow is sufficient for a centrifugal compressor, or if the necessary head is
not so high that it would not require an excessive number of stages, a centrifugal compressor
is typically preferred.”’ As discussed in later chapters (3 and 4) of this thesis, the operational
parameters of the studied hydrogen liquefaction plant lean towards the conditions suitable for
centrifugal compressors. Hence, the selection and preliminary design of compression equipment
in this thesis will primarily focus centrifugal compressors.

Turbo compressors are the most efficient compressor type available on the market®® and
generally offer greater throughput than piston compressors; therefore, they are better suited for
large-scale applications.?22 Turbo compressors can be classified into two main types: centrifugal
(also known as radial-flow) and axial-flow turbo compressors. When handling large-volume
flow, axial compressors are more efficient than centrifugal compressors, as seen in Figure 2.18;
however, the centrifugal compressors are more reliable, less vulnerable to fouling and have
wider operating ranges.”’ Additionally, axial-flow types usually require higher CAPEX than
centrifugal types, although may be justified based on smaller diametral size and efficiency at a
high volumetric rate.

Despite of their advantages, hydrogen’s low molar mass makes its compression challenging
in a turbo compressor.”88% Light gases possess high specific heat values, leading to reduced
compression ratios. To attained a higher pressure ratio, the enthalpy difference across the
compressor, referred to as "head", needs to be increased; thereby, demanding increased power
input. Increasing the head can be achieved through various methods. The first approach
involves increasing the impeller tip velocity by operating the compressor at a higher rotational
speed or by utilizing a larger impeller diameter. While other common process gases’ tip velocities
are typically constrained by Mach numbers, the high speed of sound in hydrogen eliminates
this constraint.8? Nonetheless, the limiting factors for hydrogen compression are presently the
mechanical strength and stress levels of the impeller, which cap the attainable tip velocity.80-82
Moreover, the selection of compressor materials with higher strength for hydrogen compression
is further restricted by hydrogen embrittlement, a phenomenon wherein ferrous alloy materials
lose ductility due to the penetration of Hy.”88! State-of-the-art industrial centrifugal compressors
can have a maximum impeller wheel tip velocity of about 400-500 m/s.??

An alternative method to increase the head involves adding more compressor stages. How-
ever, due to rotordynamics reasons, there are finite limits to the shaft length of the centrifugal
compressor, which generally restrict the number of stages to around 10-12 per casing.80-82 More-
over, a substantial increase in the number of turbo compressor stages would result in higher
CAPEX.%7 Pressure ratios per compression stage of 1.1 are typical in hydrogen applications.?0:82
Recent research projects®®92 focusing on advanced high-speed centrifugal compressors using
high-strength titanium-based alloys have facilitated for higher wheel tip velocity, up to 701.04
m/s,® with a higher compression ratio of up to 1.45 per stage®38* However, to the best of the
author’s knowledge, these advancements in hydrogen radial compressors are primarily within
the research realm, with their integration into industry applications yet to be realised.

Other progressions in centrifugal compressors have presented the process industry with multi-
shaft integrally-geared centrifugal compressors.?? Single-shaft multi-stage turbo compressors op-

'Reprinted from Chemical Engineering Design (Second Edition), Gavin Towler, Ray Sinnott, Chapter 20 - Transport and Storage of
Fluids,” 1207-1265, Copyright 2013, with permission from Elsevier

"Reprinted from Chemical Engineering Design (Second Edition), Gavin Towler, Ray Sinnott, Chapter 20 - Transport and Storage of
Fluids,”® 1207-1265, Copyright 2013, with permission from Elsevier
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Figure 2.18: Approximate polytropic efficiencies of turbo-compressors”

erate at a fixed rotational speed, whereas integrally-geared centrifugal compressors can optimize
each impeller wheel (stage) speed, resulting in greater efficiency. Integrally-geared turbo com-
pressors are attractive for industrial cryogenic refrigeration processes because they offer high
efficiency and low capital expenses for the necessary compressor capacity.?? According to MAN
ES,%? these types of compressors are typically limited to a maximum of 8-10 impeller stages.
Additionally, the impeller wheel diameter ranges between 0.1-1.5 m, with a maximum rotational
speed of 50,000 rpm.

According to Bahadori,”’, multi-stage centrifugal compressors are usually considered for
inlet volumes between 850-340,000 m3/h. Multi-stage compressors need to rely on interstage
cooling when the temperature of the gas at the compressor inlet and the desired compression
ratio are such that the gas discharge temperature reaches approximately 150°C.”” According
to performance calculations, the head and power of the compressor are directly related to the
absolute gas temperature at each impeller.

Ensuring effective sealing (and safety) systems becomes particularly crucial for hydrogen com-
pressors, given hydrogen’s low autoignition temperature and wide flammability range. Adequate
sealing mechanicsm is also important in any systems in order minimize make-up feed due to
continuous leakage loss of the working fluid through the compressor. According to Cardella,?26°
Carbon ring seals are often used for nitrogen turbo compressors with relatively high loss rates.
Dry gas seals can minimize the loss of compressor refrigerant leakage, but require a higher
CAPEX. Hermetically-sealed compressors can be used with a much higher initial investment to
achieve near-zero losses during operation. Furthermore, hermetically-sealed compressors are
currently limited to applications with low maximum feasible capacity and power efficiency.?265

Turbo Compressors Selection Process

The design procedure of turbo compressors has been described extensively in the literature.’6:77-:93
A specific book entitled Turbomachinery: Fundamentals, Selection and Preliminary Design authored
by Gambini and Vellini,?4% offers a comprehensive approach to the selection process and pre-
liminary design procedure of turbomachinery. The selection process,?* as well as the consequent
preliminary design of turbo compressor,”® that are described in this book relies on the simili-
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tude theory. Similitude theory enables the knowledge gained from a previously built machine
to be applied to a new, similar machine. This theory allows using previous experience in the
turbomachinery field to design a new turbomachine with greater efficiency.

The selection procedure follows the fundamental but effective, Baljé¢’s method.?®%7 The
method is based on statistical diagrams of turbomachine efficiency as a function of two di-
mensionless parameters obtained from examining many turbomachines.?* Baljés expressed the
efficiency as a function of specific speed and specific diameter, which are defined as follows:

1/2
ws = w%, (2.21)
and
wi/4
Ds=D R (2.22)

For compressor, work W, in the above expressions, is the isentropic enthalpy increase in
the stage; the volumetric flow rate V is referred to the stage inlet; the diameter D is the rotor
external diameter (outlet diameter for radial impellers); the efficiency is the isentropic efficiency
of the stage. Note that the specific speed is indicative of the shape and not of the size of a
turbomachine; different-sized turbomachines, having the same specific speed, are in the same
shape (for example: axial, radial, mixed flow). On the other hand, the specific diameter takes
into account the size of a turbomachine. Baljé diagram for turbocompressors are shown in
Figure 2.19a and 2.19b. As illustrated, the Baljé method allows for identifying the type of
turbocompressors stages for a specific application.
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Figure 2.19: Compressors Baljes diagram”

Besides selecting the type of turbo compressors, this selection procedure implies the prelim-
inary evaluation of specific speed and the number of compressor stages required, assuming the
specific application provides the following information:

¢ Type of fluid

e Mass flow rate (kg/s)

e Inlet temperature (°C)

e Inlet pressure (bar)

* Outlet pressure (bar)

With these parameters, determining the isentropic enthalpy change across compressors is straight-

forward. If the reversible stage work is assumed to be the same at all stages of the compressor,
then the specific speed can be expressed as:

"Reproduced with permission from Springer Nature, from Turbomachinery Selection In: Turbomachinery Fundamentals, Selection
and Preliminary Design,% Marco Gambini and Michela Vellini, 2021; permission conveyed through Copyright Clearance Center, Inc.
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71/2 71/2
Ws = V1 = 2mn V! . (2.23)
W34 60 (Ahis/2)3/%

Where 7 is the rotational speed in RPM and z is the total number of stages. It is therefore:
ws = f(n,2). (2.24)

For compressors, this implies that the stage-specific speed decreases from the first to the last
stage since the fluid volumetric flow rate varies between the turbomachinery inlet and outlet.
Since pressures and temperatures in the downstream stages of compressors can be calculated
using Ahis/z, the volumetric flow rates at the inlet of each stage can be determined.

Equation (2.23) enables the plotting of the specific speed as a function of z for any rotational
speed, providing a straightforward means of analysis. In the book, Gambini & Vellini?* refer to
them as the basic diagram for n — z selection. An example of compressor n — z selection diagram
is shown in Figure 2.20. These diagrams allow us to choose a range of rotational speed
(Mmin < 11 < fmax) and the number of stages (zmin < z < Zmax), t0 ensure a suitable specific speed
for attaining maximum efficiency and optimum dimensions of the compressor, with considering
possible constraints that were mentioned in the previous section.

Once #, z, and thus ws are selected, the optimum value for D; can be determined using Baljé’s
or Cordier’s?? other empirical correlation. Finally, the rotor’s external diameter can be evaluated
as follows:

V12

D=Ds——7. (2.25)
: (Ahis,stg)U4
The impeller tip velocity (also referred to as the blade speed) corresponding to the diameter is

thus:
T
u [ —

60
The blade speed values, u, play a crucial role in the compressors selection process, as specific
limits must be obeyed.

D. (2.26)
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Figure 2.20: Basic diagram for compressor n-z selection®

°Reproduced with permission from Springer Nature, from Turbomachinery Selection In: Turbomachinery Fundamentals, Selection
and Preliminary Design,% Marco Gambini and Michela Vellini, 2021; permission conveyed through Copyright Clearance Center, Inc.
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Centrifugal Compressor Preliminary Design

As mentioned previously, the operational parameters of the hydrogen liquefaction system studied
in this thesis lean towards the conditions suitable for centrifugal compressors. Hence, the
preliminary design of the compression equipment that will be discussed in this thesis will be
only for centrifugal compressors. Once centrifugal compressors have been selected, along with
the selected preliminary rotational speed and number of stages, the kinetic, thermodynamic, and
geometric parameters, as well as the stage efficiencies of the compressors, can be evaluated by
following the preliminary design procedure described by Gambini & Vellini?®.

The preliminary design procedure proposed by Gambini & Vellini? is an iterative calcu-
lation. The conceptual framework of this procedure is summarised into two block diagrams
for the stage and multistage calculations shown in Figure 2.21a and Figure 2.21b, respectively.
The calculations in each step of this procedure are highly detailed and many fall outside the
preliminary design scope required for this thesis. Therefore, this thesis introduces a new and
simpler approach building upon the calculations provided by Gambini & Vellini%, though it is
less accurate. The details of this approach are outlined in Chapter 4.
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Figure 2.21: Framework of the iterative procedure for centrifugal compressor preliminary design”

PReproduced with permission from Springer Nature, from Preliminary Design of Centrifugal Compressors In: Turbomachinery
Fundamentals, Selection and Preliminary Design,®> Marco Gambini and Michela Vellini, 2021; permission conveyed through Copyright
Clearance Center, Inc.
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2.3.3. Turbine/Turbo Expanders

Expansion turbines, or turbo expanders, achieve greater cooling through isentropic expansion
compared to the Joule-Thomson valve’s throttling effect. However, turbines require a higher
initial investment.? Consequently, the utilization of turbine expanders increase the FOM of the
liquefier significantly when the mechanical energy from the rotation of the turbine is recovered.?
Berstad et al.?! reported that for large-scale liquefier plants, recovering 80% of the power from
the turbines for compression, could reduce the SEC by up to 7%. Due to the additional CAPEX,
energy recovery is only economically attractive for large turbines (> 100 kW) when the electricity
cost is high.?298 Without turbine power recovery, turbine power dissipation is typically achieved
through a braking system, such as air or oil brake.?” This is the current system employed in
existing hydrogen liquefiers.>??> Nonetheless, implementing turbine power recovery is feasible
within a medium-term timeframe, but several technical challenges must be addressed.??

In turbo expander design, the important parameters are the isentropic enthalpy drop across
the expander and the volume flow rate at the expander discharge, which determine the rotor
speed and wheel flow area, respectively. Within stress and mechanical limits, these two determine
the configuration of the hydraulic channel and, thus, the expander efficiency.”® As reported in
the literature, the isentropic efficiency of cryogenic expanders is in the range of 80-90%.2

The limitations in state-of-the-art turbo expander capacity posed a significant challenge in the
up-scaling of hydrogen liquefaction systems.?? The capacity requirement of cryogenic turbines
governs the suitable bearing systems that can be implemented. Cryogenic turbo expanders em-
ploy oil or gas-bearing systems in state-of-the-art industrial hydrogen liquefiers.?%1%0 According
to Bischoff et al.,'% oil-bearing technology is a well-established and proven technology in the
liquefaction industry. However, this approach has some drawbacks, including losses due to seal-
ing gas taken from the process line, higher investments, and extensive maintenance requirements
for the complex oil supply system. Gas-bearing systems are further categorized into static and
dynamic types. The main difference is the requirement of an external supply of process gas to
the bearing in the former,?2190 with 2-5% lower efficiency compare to dynamic gas-bearing tur-
bines.® Figure 2.22 shows a schematic drawing of the state-of-the-art expansion turbine bearing
systems used in industrial helium and hydrogen liquefiers.

Dynamic gas bearing turbine, previously restricted to helium applications, has been effec-
tively adapted to hydrogen application in Linde-Leuna Hy liquefier.>19%-101 Some advantages
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Figure 2.22: Bearing technologies for expansion turbines’

TReprinted from The Latest Developments and Outlook for Hydrogen Liquefaction Technology In: AIP Conference Proceedings, K.
Ohlig and L. Decker,> with the permission of AIP Publishing; permission conveyed through Copyright Clearance Center, Inc.
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of dynamic gas-bearing turbines are their high efficiency, elimination of oil systems, and high
reliability.!! In addition to its compact design, the dynamic gas-bearing turbine promises to
reduce total expenditures of hydrogen liquefaction systems.!?! However, the maximum installed
capacity of dynamic gas bearing turbines is less than 50 kW,2%100 which is much smaller than
the power capacity that would be required for future up-scaling of hydrogen liquefiers.??

For large-scale applications, oil and magnetic bearing turbines are often employed in indus-
trial cryogenic processes, with turbine power of up to several megawatts. These turbines can
have impeller wheel diameters greater than 1 m.?%2%? However, more extensive versions of these
large turbines are not yet proven for extreme cryogenic applications, such as hydrogen lique-
faction.?? Moreover, magnetic bearing turbines require high capital, and adding a permanent
magnet is heavy and prone to hydrogen embrittlement that requires careful treatment.’® For
small power turbine, less than 1 kW, cryogenic static gas bearing turbine can be manufactured
with impeller wheel diameters less than 0.02 m.22100

Apart from bearing and brake systems, turbo expanders can be further distinguished by the
type of fluid phase in the outlet stream of the turbine: single-phase (dry) expanders or two-phase
(wet and dense fluid) expanders. According to Bloch & Soares??, the design of two-phase turbo
expanders would need special adjustment to avoid droplets interfering with turbine performance
and eroding the blades. There are a significant amount of effective turbo expanders that are
currently in operation involving condensing streams in the industry.%

In most present air separation and petrochemical process specifications, turbo expanders are
generally radial reaction turbine because this geometry is often the most efficient.?*1? Compared
to axial flow expanders, they experience lower stresses at a given tip speed, allowing them to
operate at a higher rotational speed, resulting in higher efficiencies.'’? Axial turbines may have
higher efficiency at high Reynolds number (Re > 109), but they require a higher capital cost.?
Radial in-flow turbines, also termed centrifugal turbines, are highly reliable and require low
maintenance.?” Since centrifugal turbines are proven to be ideal for cryogenic turbo expanders,
this thesis exclusively consider centrifugal turbines as the expansion-with-work equipment es-
sential in the hydrogen liquefaction investigated in this thesis.

Turbo Expanders Selection Process

The design procedure of turbo expanders, particularly radial in-flow turbines, has been described
in the literature.?399193 Like compressors, Gambini & Vellini?*!1%% in their book Turbomachinery:
Fundamentals, Selection and Preliminary Design present a comprehensive procedure for the selection
and preliminary design of axial and radial turbines.
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The selection process for turbines is almost the same as for compressors. However, the work,
W, in the expressions of ws and Ds (in Equation (2.21) and (2.22), respectively) refers to the
reversible work, i.e., the isentropic enthalpy drop in the stage of the turbine; the volumetric flow
rate, V, refers to the stage outlet; and the diameter, D, is the external diameter of the rotor (inlet
diameter of radial turbines). An example of Baljé diagram for radial turbines is shown in Figure
2.23a. An example of a basic 1 — z selection diagram of turbines is shown in Figure 2.23b.

Similar to turbo compressors, preliminary information can be gathered about the rotational
speed range, the number of stages, the external diameter and the speed of the blade during
the selection process. However, it should be noted that these initial findings remain subject to
potential readjustment throughout the preliminary design phase. As in turbo compressors, the
preliminary design procedure for turbines given by Gambini & Vellini'% consists of thorough
iterative calculations, with a comprehensive framework that follows the same structure shown

in Figure 2.21.

Many of these calculations extend beyond the scope of the equipment preliminary design
necessary for this thesis. Therefore, a new and simpler procedure is developed based on the
calculations provided by Gambini & Vellini,'% as will be elaborated upon in Chapter 4. While
this method might not offer the same level of comprehensiveness as the detailed guidelines
provided in the reference literature,!4 it effectively serves its intended purpose within the context
of this thesis.

2.3.4. Cryogenic adsorbers

Prior to entering the liquefaction plant, the hydrogen feed coming from either electrolysis or
steam reforming plant typically achieves purity of above 99.50-99.99%, with < 10-100 ppm
of residual impurities.?** The concentration of these impurities like nitrogen, methane, argon,
and carbon monoxide must be reduced to approximately below 1 ppm since these elements
will condense and solidify during the liquefaction process, potentially blocking or damaging
the machinery.?24* Consequently, additional adsorber vessels are usually required and installed
in the downstream of the precooling system at (typically at liquid nitrogen temperature, T ~
80K).224* Henceforth in this thesis, this asdsorber will be refered as "cryogenic adsorbers".

According to Hatissinger, !9 temperature-swing adsorber (TSA), also termed thermal-swing, '
is applied as the cryogenic adsober in hydrogen liquefaction. The adsorber vessels are typically
filled with charcoal or molecular sieve adsorbent material.?21%5 The regeneration is done with
pure hydrogen from the recycle gas at ambient temperature.'% The adsorption vessels are in-
stalled in parallel configuration and usually switched alternately.?>195 While one adsorber is
adsorbing, the other is either being regenerated or kept ready. This switching occurs in a specific
order, with the adsorption time intentionally set shorter than the calculated time for impurity
breakthrough. The usual cycle durations for these procedures span from a few hours to multiple
days.!% Cardella et al.%® noted that the total number and size of adsorber vessels that can be
installed are restricted by the space within the hydrogen liquefier coldbox.

The design complexity of fixed-bed adsorption systems is significant, and unlike various
other processes, it cannot be directly calculated through process simulation. Campbell has
provided simple manual calculations applicable for preliminary designs, scoping studies and
troubleshooting.!%6 As per Campbell’s guidelines, the initial steps of adsorption system sizing
involve defining the design basis (including factors such as feed gas flow rate, composition, and
product gas water content) and specifying parameters like the number of towers, type and size of
adsorbents, flow direction, and cycle times for each tower. These two steps are usually performed
by the end-user of the adsorbers system.'6 Next, the diameters of the adsorber vessels need to

"Reproduced with permission from Springer Nature, from Preliminary Design of Centrifugal Compressors In: Turbomachinery
Fundamentals, Selection and Preliminary Design,®> Marco Gambini and Michela Vellini, 2021; permission conveyed through Copyright
Clearance Center, Inc.
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be estimated, which is set by the superficial gas velocity and allowable pressure drop. The last
sizing step is to estimate the height of the bed and the adsorber vessel, along with the expected
initial gas pressure drop through the bed. The complete procedure and equations for these steps
are described in the literature.!%

Following the preliminary sizing steps, Campbell also provided a guided procedure to deter-
mine the regeneration process, which is the a function of step times, the source of regeneration
gas and type of adsorbent used, based on insulation type, gas composition, heating and cooling
temperatures, pressures as well as flow directions.!?® This step determines the required heating
and cooling of the vessels during the regeneration process. Due to the limited scope of this
thesis, this part of the adsorber design will not be covered in this study.

2.3.5. Coldbox

Equipment operating at cryogenic conditions must be placed inside one or multiple cryogenic
coldbox vessels to minimize heat leaking into the cryogenic equipment.? Coldboxes for hydrogen
liquefaction can be cylindrical or rectangular vessels erected in a horizontal or vertical configu-
ration, although the latter is more often applied.?? The precooling system of hydrogen liquefiers
is usually stored in a precooling coldbox which is typically insulated with perlite material as in
an air separation unit (ASU).2298

Cryogenic coldbox, on the other hand, is typically a vacuum-insulated coldbox vessel with
multilayer superinsulation (MLI).2%29 Vacum-insulated coldboxes are usually pre-fabricated off-
site and transported to the construction site;98 thus, the feasible transportation weight and size
limits of coldboxes should be considered as a constraint for conceptual designs of large-scale
liquefiers.?? According to IDEALHY report, the typical restrictions for coldbox within Europe
are approximately 4.2 m for road transport and 5.5 m for waterway transport.”? According to
Cardella, the maximum length of pre-fabricated cryogenic coldbox are between 20-40 m.??

Air liquide reported their HYLIAL hydrogen liquefiers of 600, 800 and 1,500 L/h liquefaction
capacities to have dimensions of (8.1x4.8x5.5), (8.1x4.8x5.5) and (9x4.5x5.5) metres, respectively
(with gangway included in the first two liquefiers dimensions).!” KHI has showcased their 5
TPD demonstration plant, featuring a coldbox measuring four metres in diameter and standing
at a height of 12 metres.?® To enhance insulation efficiency and minimise the amount of radiant
heat that could affect heat exchangers and piping systems, KHI cover all components inside their
coldbox with a type of metallic, super-insulation sheets similar to those used for satellites and
spacesuits.’® Chart industries offers standardised hydrogen liquefaction plant design with lique-
faction capacities of 5, 9, 12, 15 and 30 TPD.5® Notably, their 10 TPD liquefier has dimensions
of 3.048 metres in diameter and 12.192 metres in height. Coldbox size information for other
hydrogen liquefiers has not yet been found in the literature.

2.4. Process Economics

One of the main objectives of process economics evaluation is to calculate and evaluate the specific
liquefaction cost (SLC) during the development of the large-scale hydrogen liquefaction concept.
The SLC represent the total costs of ownership of the hydrogen liquefaction plant and can be
easily used to perform cost-benefit analyses and further hydrogen supply chain assessment.??
The SLC of existing hydrogen liquefaction plants is between 2.5 and 3.0 US$/kgyy,.>2? Recent
studies have shown that large-scale hydrogen liquefiers should be able to attain an SLC of less
than 1 US$/kgry, without requiring novel technologies.?

As shown in Equation (2.17), to determine the cost of liquefaction for the facility, it is
necessary to take into account both the capital expenditure (CAPEX) and operating expenditure
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(OPEX). The following sections will briefly explain both terms and associated cost estimation
models found in the literature.

2.4.1. Capital Expenditure

Capital expenditure (CAPEX), also referred to as capital expenses or fixed capital investment, is
the complete expense incurred in designing, constructing and installing a plant and the necessary
modifications to prepare the plant site. Numerous scientific literature108-112 offer methodologies,
correlations, and models to facilitate the estimation of "Class 4" capital costs. "Class 4" cost
estimates, according to the Association for the Advancement of Cost Estimating International
(AACE International), are the preliminary estimates ("approximate","study", "feasibility"), with an
accuracy of + 30% which are typically used to make comparisons between design alternatives.'%8
These estimates rely on limited cost information and preliminary design results, details which

are in line with the scope of this thesis.

According to Towler & Sinnot,!"® CAPEX consists of the following costs:

e The inside battery limits (ISBL) investment — The cost of the plant comprises the direct and
indirect field costs. The direct field costs include: 1.) Costs of major process equipment,
such as reactors, heat exchangers, compressors, et cetera; 2.) Bulk items, such as piping,
catalysts, instruments, et cetera; 3.) Civil works; and 4.) Installation labor and supervision.
The indirect field costs include: 1.) Construction costs such as construction equipment,
temporary construction, water, power, et cetera; 2.) Field expenses and services; 3.) Insur-
ance; 4.) Labour benefits and burdens; and 5.) Miscellaneous overhead items, including
agent’s fees, legal costs, import duties, et cetera.

e Offsite costs or outside battery limits (OSBL) investment — The cost of additions or modifi-
cations that must be made to the site infrastructure to accommodate adding a new plant.
This may include power generation plants, cooling towers, workshop and maintenance
facilities, air separation plants to provide site nitrogen (inert gas), et cetera.

* Engineering costs — Sometimes referred to as the home office costs or contractor charges, it
is the expenses associated with detailed design and other engineering services necessary for
project execution. This comprises of 1.) Detailed engineering of process equipment, piping
system, et cetera; 2.) Procurement of main plant items and bulks; 3.) Construction super-
vision and services; 4.) Administrative charges such as project management, inspection, et
cetera; 5.) Bonding; and 6.) Contractor’s profit

¢ Contingency charges — Additional expenses incorporated into the project budget to accom-
modate any discrepancies or deviations from the estimated cost.

In accordance with Towler & Sinnot,'%% offsite costs are typically estimated as a percentage
of ISBL costs during the early design phase, usually ranging from 10% to 100% depending on
the project scope and its impact on-site infrastructure. For petrochemical projects, offsite costs
typically fall between 20% and 50% of ISBL cost, with an initial estimate of 40% if site details
are unknown. Established sites, like in "brownfield" projects with well-developed infrastructure,
generally have lower offsite costs. Alternatively, completely new areas, such as in "greenfield"
projects, will likely experience higher offsite costs.

A rule of thumb for estimating engineering costs is 30% of ISBL plus OSBL costs for relatively
smaller projects and 10% of ISBL plus OSBL costs for larger projects.!% On the other hand, the
contingency charge should be at least 10% of ISBL plus OSBL costs for any projects. If the
plant’s technological readiness is low, higher contingency charges should be used. In this case,
contingency costs can be as high as 50% of ISBL plus OSBL costs.!%8

In addition to the fixed capital investments, the working capital expenditure must also be
considered. Working capital is the additional money needed to start the plant up and run it
until it starts earning income,'%® or simply the cost for the commissioning and start-up of the
plant.?? This can be as low as 5% of the total fixed capital for simple processes and as high as
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Figure 2.24: Schematic procedure for the liquefier SLC estimation proposed by Cardella et al.®

30% complex, multiple products process plant.!%® In the petrochemical industry, a typical figure
for working capital is approximately 15% of the fixed capital.'?®

Syed et al.1’3 and Cardella et al.??63 conducted capital cost estimations specific for hydrogen
liquefaction systems. Both employ a cost estimation model based on process equipment cost
functions and adapted factors from literature to estimate ISBL investment. However, Cardella et
al. have developed and fitted most of their cost correlations specifically for hydrogen liquefier
equipment and validated the model with cost data from industrial manufacturers. The resulting
correlations from the fittings remain unpublished. Figure 2.24 shows the schematic procedure
for the process economics of hydrogen liquefaction plants proposed by Cardella et al.®

It is challenging for engineers and researchers outside the Engineering, Procurement and Con-
struction (EPC) sector to gather current cost information from many actual process plant projects
and maintain precise and up-to-date cost-estimation models.!*® Even large operating companies
acknowledge the difficulty of creating accurate cost projections, which typically hires a few cost
engineering specialists who gather data and collaborate closely with the EPC companies.'%®

One of the alternatives for non-EPC related design engineers and academia is to utilise
equipment cost data and costs correlations found in the open literature.'’® As mentioned previ-
ously, there is an abundance of equipment cost data and correlations published in the literature.
However, much of it is of poor quality due to the continuous significant development in the
relative contributions of each cost element since the cost models were published.'”®® The more
prevailing approach for estimating cost in chemical plant projectrs involves the utilization of
commercial cost estimating software. There is a wide selection of cost estimating programs, such
as Cleopatra Enterprise (Cost Engineering Consultancy), CostLink/CM (Building Sytems Design,
Inc.), Cost Track (OnTrack Engineering Ltd.), Aspen Capital Cost Estimator (Aspen Technology
Inc.), PRISM Project Estimator (ARES Corp.), Success Estimator (U.S. Cost), Visual Estimatior

*Reprinted from International Journal of Hydrogen Energy, 42/17, U. Cardella,L. Decker.]. Sundberg.H. Klein, Process optimization
for large-scale hydrogen liquefaction,5? 12339-12354, Copyright 2017, with permission from Elsevier
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(CPR International Inc.), WinEst (Win Estimator), and etc.1%® Aspen Technologys Aspen Process
Economic Analyzer (APEA) is one of the most simple-to-use cost estimating software, which
performs estimation based on Aspen ICARUS Technology robust algorithm. APEA is included
in the standard Aspen Plus/Hysys package, with the ability to linked to process simulator pro-
grams from AspenTech, Chemstations, Hyprotech, SimSci’ and is available in most universities
as well as most chemical companies.!!*

The foundation of Aspen ICARUS Technology relies on mathematical modeling technology
that has undergone development, enhancement, and application by a team of cost engineers
based on data collected from EPC companies and equipment manufacturers ever since ICARUS
Corporation was founded in 1969."% Costs can be estimated for a whole plant or for one piece
of equipment at a time.!"> Costs are based on the materials and labor required (following the
practice used for detailed estimates) rather than installation factors.!'* When used properly,
APEA can provide reasonably good and defensible estimates without requiring a lot of initial
design data.!'* Details on the evaluation of capital costs by APEA have been described in the
literature. 14117

Cost Escalation

Any approach to cost estimation relies on past data to predict future expenses. However, material
prices and labor costs are susceptible to inflation. Consequently, a means must be employed to
rejuvenate outdated cost data for estimating during the design phase and to project the plant’s
forthcoming construction expenses. Typically, historical cost data is refreshed using publicly
available cost indices.'® The following equation provides a means to adjust equipment and
process plant construction costs from one period to another using cost indices: '8

Cost index in year A

. 2.2
Cost index in year B (2.27)

Cost in year A = Cost in year B x

To obtain the best estimate, it is advisable to deconstruct every task into its elements, employ-
ing distinct measures for both labor and materials.!’®® However, utilising the various composite
indices published by trade journals is often more convenient. Chemical Engineering Plant Cost
Index (CEPCI or CE index), published monthly in the journal Chemical Engineering, is probably
the most widely used cost index in United States process plant industry.'!® CEPCI consists of
a composite index assembled from a set of four sub-indexes: Equipment; Construction Labor;
Buildings; and Engineering & Supervision. Other journals such as the Oil and Gas Journal, Engi-
neering News Record, and Process Engineering also maintain and publish monthly cost indices.!%

2.4.2. Operating Expenditure

The operating expenditure (OPEX), also termed as the cash cost of production (CCOP),!!8 is the
expense of operating the process plant to manufacture a product, which can include up to the
packaging, shipping, selling and distribution as well as the general overhead expenses.!?? In
general, OPEX can be classified into variable and fixed costs of production.'!®

Variable production costs are production expenses that vary with a plant’s output or rate of
operation.“ Based on Towler & Sinnot,!!8, these include:

* Raw materials that are being used or converted within the process plant

¢ Utilities — such as fuels, steam, cooling water, electricity et cetera.

¢ Consumables — such as solvents, acids, inert materials, catalyst et cetera that require regular
or frequent replacement.

'As mentioned in APEA™ V12 software Help pages
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¢ Effluent disposals — such as running costs for treating emissions or waste products from
the plant.

¢ Packaging and shipping — drums, tankers, freight charges, et cetera.

In chemical plants, costs of raw materials are usually the major component of the overall op-
erating costs, which are tyFically around 80-90% of the OPEX.!® Utility costs are generally
about 5-10% of the OPEX.!"® The number of raw materials and utilities required to make the
desired product at the plant’s design capacity can be estimated from the process model’s mass
and energy balances.!?%!18 Consumables typically cost less than 3% of the OPEX.!'8 Methods
for estimating variable costs of production are described in the literature,'09113.118

In the context of hydrogen liquefaction processes, particularly when assessing liquefaction
costs, the expense associated with the raw materials (in this instance, hydrogen gas) is generally
not factored in, except when accounting for losses. This is because the liquefaction process is
not designed to enhance the intrinsic value of hydrogen; rather, its purpose lies in enabling the
storage or transportation of hydrogen across extended time frames and distances. Consequently,
when considering a hydrogen liquefier, the predominant factor contributing to total operating
costs pertains to utilities, mainly electricity. Additionally, as noted in literature,? these utility
costs play a substantial role in shaping the overall expense of hydrogen liquefaction.” Cardella
et al.?263 listed the costs of electricity, hydrogen feed gas losses, liquid nitrogen, refrigerant
make-up, cooling water make-up, and seal and purge gas as the variable operating expenses
of large-scale hydrogen liquefier. The specific costs of each variable cost element within cost
estimation models are usually based on informed assumptions and vary significantly across
different literature sources.?

In contrast, fixed production costs are expenses independent of the level of plant operation
or production output.''® Even if the plant reduces production, these costs remain the same and
do not decrease. Based on Towler & Sinnot,!!® fixed production costs consist of:

® Operating labor — Depends on number of shift positions and salaries of each operator.
Operator salaries vary by region and experience level.

e Supervision — usually taken as 25% of operating labor

¢ Direct salary overhead — usually 40% to 60% of operating labor plus supervision.

¢ Maintenance — usually estimated as 3-5% of ISBL investments, depending on the expected
reliability of the plant.

* Property taxes and insurance — typically 1-2% of ISBL fixed capital.

* Rent of land and buildings — typically 1-2% of ISBL plus OSBL cost.

* General plant overhead — charges to cover corporate overhead functions such as human
resources, research and development (R&D), information technology, finance, et cetera.

¢ Allocated environmental charges to cover superfund payments — typically 1-2% of ISBL
plus OSBL cost.

* Running license fees and royalty payments.

¢ Capital charges — these include interest payments due on any debt or loans used to finance
the project, but do not include expected returns on invested equity capital.

¢ Sales and marketing costs — Near zero for commodities, but can be as high as millions of
US dollars annually for branded items (food, drug, cosmetics et cetera).

These costs should always be addressed, even at early design stages, as they can contribute
highly to the overall process economics. Methods for estimating fixed operating costs that were
not previously mentioned above are given in the literature.'%%!18 Some of the above costs may
also be considered semi-variable costs of production. Semi-variable expenses have both fixed
and variable components with respect to production.!’® They tend to decrease with increasing

“During the time of this study, the annual energy inflation in the EU have reached record level following the undergoing conflict in
the area. The annual energy inflation rate exceeded 40% in June 2022,'"9 with the maximum wholesale day-ahead electricity price reach
823.29€/MWh and then prices began falling gradually. On 31 July 2023, the price of electricity in the EU is between 32.56-125.82€/MWh.
Electricity prices based on https://ember-climate.org/data/data-tools/europe-power-prices/, accessed on 7 August 2023.
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production but do not completely vanish at zero production. Maintenance, supervision, labor
costs, and, in some cases, utilities may fall into this category.109

Towler & Sinnot!''® provide a systematic procedure to calculate and summarize production
costs and revenues associated with a process plant project. This help to simplify the process of
evaluating the economic aspects of the project and comprehending how the various elements con-
tribute to the total production cost. Another tool that can be utilized for performing production
cost calculation is the previously mentioned Aspen Process Economic Analyzer (APEA), which
has built-in feature for investment analysis. APEA computes the complete operating expenses
by factoring in both variable and fixed production costs, based on user-provided values at each
components (or the default settings if chosen by the user).!'5-117 Additionally, APEA lets the
user to perform profitability analysis and project cash flow based on investment parameters and
product pricin? Details on the evaluation of operating costs by APEA have been described in
the literature.'>-117

2.4.3. Economy of Scale

As mentioned in the Introduction, one of the objectives of this thesis is to be able to predict a
learning curve for the hydrogen liquefaction plant based on the cost study of this thesis. To
understand the concept of the learning curve, it is essential to also comprehend the notion of
economy of scale. The economies of scale are cost advantages that companies obtain due to their
scale of operation.!”® This economic principle traces its origins back to Adam Smith and the
notion of achieving enhanced production returns through the utilization of division of labor.!20
In the context of the process plant industry, this principle is evident, as larger plants tend to
exhibit lower construction costs per unit of product manufactured.!%8

The economies of scale of chemical plants can be exhibited by the cost curve method, which
is one of the fastest ways for design engineers to make an order-of-magnitude (Class 5)”estimate
of plant capital cost. The cost curve method relates the capital cost of a plant to its’ capacity

using the following equation: 198
n
Cy =Cy (5—2) . (2.28)
Sy
Another form of this equation that is also commonly used in the industry is as follows:'%8
C
Cy = 5 X S5 = aS}. (2.29)

From Equation (2.29), the capital cost per unit of production of product is calculated as fol-
lows: 108
G syt (2.30)
3, ~ % .

In the context of hydrogen liquefaction, these correlations have been used in multiple studies
to estimate the capital investment for the liquefaction facility. For example, in 1998, Amos!?!
deduced the base cost/size and constant n values of Equation (2.29) based on published cost data
in studying the cost of hydrogen storage and transport. In the IDEALHY project, Equation (2.29)
has been used to estimate the capital cost of a 40 TPD liquefier from the initial quoted investment
cost for a 50 TPD liquefier. In this study, constant n was assumed as 2/3, while constant a was
determined to be 7.37 million€ from the investment for 50 tpd and zero investment for a 0
tpd plant. Several researchers, have also used the same 2/3 value for n to extrapolate capital
costs; 132728 however, used in the correlation in the form of Equation (2.28).27.28

?Order of magnitude estimates (ballpark estimate, guess estimate, Class 5 estimate), accuracy typically +30% to 50%, usually based
on the costs of similar processes and requiring essentially no design information. They find application in initial feasibility assessments
and for preliminary screening objectives.!!8
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In 2008, Nexant, Inc. along with other companies, team up to carried out US DOE hydrogen
delivery infrastructure project and reported their cost projection curve for hydrogen liquefier
capital investment based on quotes from major gas processing companies.!?2 However, the vendor
quotes are preliminary, with significant uncertainty, and are limited to relatively small scale
plants (less than 50 TPD). The model that was developed and evaluated in this project is the
Hydrogen Delivery Scenario Analysis Model (HDSAM).!?3124 Since its initial public release in
2006, HDSAM has annually updated its data on delivery pathways, component technologies, and
costs relevant to government agencies and industry stakeholders. The latest HDSAM version'?4
(V4.0) estimates hydrogen liquefier installed costs with a form of Equation (2.29), with constant
a and n of 5.6 million US$ and 0.8, respectively.

It can be seen in literature and many journals that the value for exponent n, for almost any
kind of chemical plants, in above equations is less than 1.0.'9% Therefore, the value for n -1 is
always less than zero, thus, as S9 increases the cost per unit of production, Cy/S9, decreases. A
lower capital cost per product unit allows the owner of larger plants to use more competitive
pricing while still recovering their capital investment.'%® This encourages chemical companies to
build larger plants.

The negative correlation between specific costs and production volume was first noticed and
documented for aeroplane production by T.P. Wright as far back as the 1930s.!25126 He observed
that as more aeroplanes were built over time, there was a consistent reduction in the amount
of labor hours and materials needed for each aircraft. This phenomenon is now known as a
"learning curve".'?® Since then, this idea has been used mainly to analyse the overall costs of a
product, encompassing the combined impact of learning, economies of scale, and potentially other
variables.'?6-127 Today, this concept is also frequently extended to whole industries, rather than
just individual firms. The broader understanding of the concept of learning curves formulates

what is now known as the "experience curve".126:127w

An experience curve typically describes the relationship between a technology’s specific costs
(expressed in real terms) as the dependent variable and the technology’s experience (or cummu-
lative capacity) as the independent variable.!26-127 The logarithmic linear function is probably the
most common model used for representing such learning phenomena due to its simplicity and
generally high goodness-of-fit to observed data. The log-linear equation for experience curve is
as follows: "%’

b
c=cop (i) =a-q7°. (2.3
q0

Notice that the equation has the striking similarity with the previous capital cost projections.
The central parameter within the experience curve model is the exponent that establishes the
incline of a power function, known as the learning coefficient (b).12” The learning coefficient is
used to calculate the progress ratio (PR) and learning rate (LR) of the technology, also called the
learning ratio, by means of the following equations:

PR =271, (2.32)

and
LR =(1-PR). (2.33)

The learning rate is the rate at which a technology’s costs are found to decrease for each doubling
of experience.!?6 The progress ratio informs about the relative technology costs remaining after
a doubling of experience.!26

An important implication of the experience curve is that increasing the accumulated experi-
ence in the early stages of a technology is a dominant strategy to maximise the profitability of

“However, as noted in literature,'? many still use the term learning curve as a synonym for experience curve
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Figure 2.25: Learning curves of several electricity generation technologies®

firms and the societal benefits of technology-related public policy.'26:128 This concept has been an
important tool for modelling technical change, informing policy decisions and anticipating future
costs related to energy technology in the last two decades.!?6 Figure 2.25 depicts the experience
curves of several electricity generation technologies using global cumulative installed capacity as
the definition of technological experience i.e. the independent variable, reported by Ritchie et
al.'?? based on data from various works. Based on assumptions about future deployment levels,
this relationship can be used to anticipate future changes in the cost of electricity generation, e.g.
by assuming that the learning rates observed in the past will remain stable in the future.!26

*Reproduced from Wiy did renewables become so cheap so fast?,'*® Energy, Published in Our World in Data by Hannah Ritchie and
Max Roser, 2021; available online at ourworldindata.org/cheap-renewables-growth


https://ourworldindata.org/cheap-renewables-growth

Process Modelling

3.1. Reference Process

Various large-scale hydrogen liquefaction concepts and cycle configurations have been re-
viewed by Aasadnia & Mehrpooya.?* These concepts have theoretically demonstrated how
energy consumption in hydrogen liquefaction can be minimised. However, a prevailing concern
arises from the fact that many of these modern investigations focus on "pure" process simulation
and often overlook the viability of integral hardware components, such as compressors, turbines,
heat exchangers, pumps, and columns.'® Many efficient but very intricate liquefaction systems,
which may not be technically or economically attainable, have been developed. As noted by
Berstad et al.?!, the development of new processes should not merely be a "race to the bottom"
in power requirements. Instead, the focus should be directed towards identifying rational and
economically viable pathways for improving efficiency.

Based on the literature review, it can be infer that most large-scale Ho liquefaction concepts
are developed by adopting either one of these basic systems:

* Precooled Claude cycle

¢ Joule-Brayton cycle

¢ Integration with LNG Production
As the main focus of this thesis is not the integration of LHy and LNG production, the op-
tions naturally narrows down to the Precooled Claude and Joule-Brayton hydrogen liquefaction
systems.

Furthermore, Al Ghafri et al.? provide a synopsis and lists of viable large-scale liquefaction
concepts that were selected based on the criteria outlined in Section 2.2.2. By using this approach,
numerous conceptual processes were eliminated and only the following processes remain:

e Quack (2002); 170 TPD, MR He-Ne JB cycle?’

e WE-NET (2004); 300 TPD, LN3 precooled Hy Claude cycle?6

 Berstad et al. (2010); 86 TPD, MR He-Ne JB cycle5’

e IDEALHY (2013); 50 TPD, MR precooled He-Ne JB cycle!?->9.66

* Krasae-in (2014); 100 TPD, MR precooled Hs JB cycle?3

e Cardella et al. (2017); 100 TPD, MR precooled Hy Claude cycle??63

e Berstad et al. (2021); 125 TPD, MR precooled Hy Claude cycle21’70

These concepts were the primary candidates for the investigation of the large-scale hydrogen liq-
uefaction processes in terms of both technical viability and economic feasibility within the scope

42
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of this thesis. According to Al Ghafri et al.?, the high pressure hydrogen Claude cycle concept
using a mixed-refrigerant Joule-Thomson precooling cycle proposed by Cardella et al.?263 and
Berstad et al.?! is regarded as one of the most promising conceptual designs for near-future
implementation.

Based on the process optimisation performed by Cardella et al,?%63 the SEC of the plant can
be reduced to about 6 kWh/kg while reducing the SLC by nearly 67%, compared to small-scale
5 TPD plants, to below 1€/kg. Furthermore, the use of the MR pre-cooling system eliminates
the need for the LNy pre-cooling system, which requires a considerable portion of the total Hg
liquefaction energy.2!°? Another challenge with the use of nitrogen is the large temperature
difference between the cooling and heatin§ curves of nitrogen and hydrogen, which limits heat
recovery? and increases irreversibilities.?!-?3 Mixed refrigerants (MR) are advantageous because
its mixture compositions can be readily modified to adjust the evaporation curve so that it aligns
with the cooling of hydrogen gas. This minimisation of temperature discrepancies in the heat
transfer enhances the overall thermodynamic efficiency.?2!23.63

Based on these factors, the high-pressure hydrogen-Claude cycle with MR precooling concept
is selected to be the base process for the case study in this thesis. The process model is
predominantly constructed in reference to the conceptual plant of 125 TPD proposed by Berstad
et al.?!, which presents the complete stream data for this particular process.

3.1.1. Process Description

Figure 3.1 illustrates the process flow diagram of the hydrogen liquefaction process under con-
sideration. Gaseous hydrogen is fed to the process plant at a rate of 125 TPD at 20 bar and
298.15 K (GH2). The hydrogen is first cooled by the MR precooling system as it enters heat
exchanger HX-1. The process flow diagram for the MR precooling cycle is shown in Figure
3.2. The cycle utilises a five-component refrigerant mixture to cool the hydrogen feed to 114 K.
Details of the mixed refrigerant composition follow the composition used by Skaugen et al.,””
given in Table 3.1. The main specification of the gas hydrogen feed, liquid hydrogen product
and ambience conditions are given in Table 3.2.

Mixed-refrigerant compression in the precooling module is provided by two compressors
equipped with aftercoolers. The aftercoolers cools incoming streams to 298.15 K by means of
cooling water that is assumed to be readily available within the plant. The first compressor,
MRC-1, takes the refrigerant (MR1) to a pressure of around 12 bar and after the first aftercooler
stage, the refrigerant partially condenses (MR2). The multiphase stream is then separated in
a vapor-liquid separator, V-200. The liquid condensate from the separator is collected and
pressurised to 35 bar using a pump (MR3), while the vapor flow is compressed by the second
compressor, MRC-2, to the same pressure. The vapor refrigerant re-condenses partially after
the second aftercooler (MR4) and then mixes with the pressurised liquid from the pump before
entering HX-1 (MR5). In HX-1, the multiphase pressurised refrigerant and the hydrogen feed,
are cooled to a temperature of 114 K (M01 & MR6). The exiting refrigerant is expanded via
Joule-Thomson valve to a pressure of 3.6 bar, which accordingly decreases its temperature to

Table 3.1: Mixed refrigerant composition™

Component Mole fraction
Nitrogen 0.101
Methane 0.324
Ethane 0.274
Propane 0.031

n-Butane 0.270
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Table 3.2: Main Hy Liquefaction Process Specifications

Gas hydrogen feed Values Unit
Pressure 20 bar
Temperature 298.15 K
Mole fraction of p-Hs 0.25

Liquid hydrogen product Values Unit
Mass flow (plant capacity) 125 TPD
Pressure 1.500 bar
Temperature <21.67 K
Mole fraction of p-Hs >0.98

Ambient conditions Values Unit
Pressure 1.013 bar
Temperature 298.15 K
Cooling water temperature 293.15 K

about 111.3 K (MR7). The cold and low pressure refrigerant is routed back to the HX-1 cold
side to absorb the heat from the two hot streams of pressurised refrigerant and hydrogen feed.
This configuration of HX-1 gives a tight thermal match between the streams and thus an exergy
efficient heat transfer.?!

As mentioned in the literature review, the typical hydrogen feed in a liquefaction plant has
impurities of 10-100 ppm. The concentration of these impurities needs to be reduced to below
1 ppm, since they could condense and freeze during cryogenic cooling, potentially degrading
the ortho-para catalysts inside the heat exchanger. Therefore, cryogenic adsorber beds, TS-ADS,
are added after HX-1 to basically purify the main hydrogen stream. The pure hydrogen (M02)
feed now enters the main cryogenic cooling system, where it is cooled from a temperature of
114 to 30 K (M02-M06) through a series of catalytic heat exchangers (HX-3-HX-6). These
heat exchangers are filled with ortho-para catalyst on the main hydrogen feed side, which for
now is assumed to be sufficiently long to allow the hydrogen spin isomers to convert to the
equilibrium state. The cooling capacity required to cool the incoming H9-feed and dissipate the
extra heat from exothermic ortho-para conversion in these heat exchangers is provided by the
cold hydrogen gas produced within the high pressure Claude refrigeration cycle. After cooling
the hydrogen gas feed to 30 K, it is expanded from 20 bar to 1.85 bar through a Joule-Thomson
valve which cools down and liquefy the hydrogen. The temperature of the LH9 at this point is
about 22.49 K (MO07).

The hydrogen Claude refrigeration cycle, high-pressure hydrogen stream (C01) is pre-cooled
within heat exchangers HX-2 and HX-3 to a temperature of 112 K (C02-C03). Beyond this point
along the high-pressure line (C03-C05), auxiliary streams are extracted from the primary high-
pressure conduit. These streams (C16, C19, C22) are expanded to an intermediate pressure
level (C17, C20, C23) through cryogenic hydrogen turbines, to promote temperature reductions.
Subsequently, they are introduced into an intermediate pressure gas return line (C18, C21, C24,
(25, C26), which plays a central role in providing cooling for HX-2 to HX-6. The remaining
fraction of high-pressure hydrogen, which exits HX-6 at about 33.2 K (C06), is expanded in a
series of dense-phase turbo-expander and throttling valve to a pressure of 1.25 bar (C07-C08),
resulting in a partially condensed hydrogen flow. The resulting two-phase is sent to a vapor-
liquid separator column, V-100, where the liquid hydrogen, at a temperature of 21.1 K (RX1), is
then sent to the last catalytic heat exchanger, HX-7. This ensures further cooling and ortho-para
conversion of the LHy product. The LHy product stream (M08) exits HX-7 at a temperature of
around 21.6 K is further expanded to 1.5 bar for storage and transport (LH2). In this study,
the liquid hydrogen storage and the related boil-off management system are considered to be
outside the battery limit of the hydrogen liquefaction plant; thus, they will not be modelled or
further evaluated in the technical and economic analysis.
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The hydrogen vapours from the cold side of HX-7 and the expander-valve expansion (RX2
& C08) are collected in the vapour-liquid separator and drawn into the low-pressure compressor
(LPC). This flow (C09-C14) then passes through all the heat exchangers in the main Claude
cycle (from HX-6 to HX-2) before it is compressed by the LPC to a pressure of 7.395 bar (C15).
Subsequently, the compressed hydrogen is combined with the returning intermediate-pressure
stream (C27) and subjected to further compression, raising it to a higher pressure of 30 bar
(CO1) using the high-pressure compressor (HPC). As with precooling compressors, both the
LPC and HPC systems are configured with an aftercooler to reduce the gas temperature exiting
the compressors to 298.15 K through the utilization of cooling water.

3.1.2. Process Simulation

As mentioned in Section 2.2.2, recent conceptual studies have been carried out using commercial
process simulation tools. Commercial process simulation programs can thoroughly evaluate plant
steady-state operations and some are capable of estimating the plant’s total cost under different
scenarios. According to Al Ghafri et al.2, the choice of simulation platform, in general, is less
important than the accuracy of the models used to represent the properties of the hydrogen and
refrigerant fluids, and the design constraint imposed on the critical items of process equipment
such as heat exchangers, turbines and compressors. In this thesis, process modelling and
simulation will be performed in the steady-state process simulator Aspen HYSYS V12.

In the process simulation, the built-in unit operation models from Aspen HYSYS are used
to calculate the process operation of components such as the heat exchangers, commpressors,
expanders, etc. For the calculation of the multi-stream counter-current PFHX in the hydrogen
liquefaction process simulation model, the built-in "LNG exchanger" model in Aspen HYSYS is
used. In order to consider economically and technically viable industrial equipment designs,
parameter constraints are imposed in the preliminary design of the equipment, which will
be described in greater detail in Chapter 4. Additionally, in the initial phase of modelling
the liquefaction process within the process simulation, the efficiencies of the pressure-altering
equipment are taken as assumptions. In this context, the isentropic efficiencies of all compressors
within the precooling and cryogenic cycles are assumed to be 85%. Cryogenic turbo-expanders
are also assumed to possess isentropic efficiencies of 85%. For condensate pumps, an assumed
isentropic efficiency of 75% is used. These efficiency values will be subject to refinement based on
preliminary design outcomes and will be reincorporated into the simulation. Similarly, pressure
drops associated with adsorbers and heat exchangers, including aftercoolers, which are initially
assumed to be negligible, are adjusted and reintroduced into the simulation after the preliminary
equipment designs were established.
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The hydrogen liquefaction simulation model is divided into one primary flow sheet and
two subflowsheets. The primary flow sheet, referred to as the main cryogenic liquefier system,
encompasses the primary Claude refrigeration cycle, excluding the compressors, along with the
final hydrogen liquefaction process. The first subflowsheet is the compression system, which
features the Claude-cycle HPC and LPC units, including their respective aftercoolers. The other
subflowsheet is for the MR precooling system, which consists of all the equipment shown in Figure
3.2.

The process simulation model employs different fluid property packages with equation of state
(EOS) according to the respective fluids. This is elaborated further in the following segment:

Estimation of Fluid Properties

As Aspen HYSYS is capable of calling REFPROP databank of NIST,>” the thermodynamic prop-
erty estimation for normal-, ortho- and para-hydrogen can be calculated using the state-of-the-
art EOS of Leachman et al.*? The hydrogen feed stream that is cooled in the heat exchangers
with continuous catalytic ortho- to para-hydrogen conversion can be simulated by assuming
equilibrium-hydrogen. For this purpose, the pseudo-equilibrium-hydrogen heat-capacity model
developed by Valenti et al.>! shall be utilized. Although the model has faced some criticism in
recent literature,®® it has been demonstrated to be a helpful idea for accurately modelling heat
exchanger unit operations in hydrogen liquefaction simulations.?!?2 The kinetic aspects of the
conversion will be considered in the heat exchanger sizing and preliminary design phase.

In this work, the pseudo-e-Hs model is utilised to calculate the properties of the main GHs
feed from the exits of the adsorbtion systems to the final LHy product. The pseudo-e-Hg
model by Valenti et al.! is implemented by modifying the REFPROP®° fluid file (.FLD file) of
the parahydrogen and subsequently calling the REFPROP’s parahydrogen model from Aspen
HYSYS. On the other hand, the properties of the Hy refrigerant in Claude refrigeration system
are simulated by calling the normal-Hy model using EOS by Leachman et al.*? from REFPROP.
The properties of the mixed-refrigerant fluid in the precooling cycle are calculated using the
Peng-Robinson cubic EOS available in Aspen HYSYS.

The author recognises that employing the pseudo-e-Hg model directly for the Hy feed stream
at the entrance of the Claude refrigeration cycle overlooks the additional heat originating from
the conversion of ortho- to para-hydrogen resulting from the temperature drop of hydrogen
from 298.15 K to 114 K. However, it has been calculated that the influence of this exothermic
reaction on the plant’s energy consumption estimation remains modest. The calculated heat
release from this reaction is approximately 82.81 kJ / kg. Integrating this additional heat into
the energy equilibrium of HX-3 within the simulation leads to a mere 0.04 kWh/kgLLHy increase
in the overall SEC of the plant. The ensuing impact on the plant’s SLC as a result of this slight
rise in the SEC is also considered negligible in the context of the plant’s economic evaluation.
Specifically, the increase amounts to less than 0.001/kgLHg at low electricity prices (0.02/kWh)
and 0.016/kgy 11, at very high electricity prices (0.40/kWh).

To thoroughly incorporate this reaction into the simulation, a more sophisticated fluid model
of the hydrogen ortho-para mixture is necessary. Alternatively, another approach involves the
introduction of an adiabatic ortho-para reactor downstream of the cryogenic adsorbers to equi-
librate the hydrogen’s ortho-para composition, as observed in prior literature?!-2263, However,
due to the absence of adequate design tools for such reactors during this study, this solution
was unfeasible for the technical and economic analysis undertaken in this thesis. Moreover, con-
sidering that adiabatic ortho-para reactors are not a fundamental component for this large-scale
hydrogen liquefaction concept, developing a new reactor design procedure is deemed unneces-
sary within the scope of this thesis.



3.1. Reference Process 48

Calculation of Specific Energy Consumption

The specific energy consumption (SEC) for the large-scale hydrogen liquefaction process is cal-
culated within process simulation model using the built-in spreadsheet feature within Aspen
HYSYS. The calculation follows Equation (2.3). In this study, two distinct SEC values are un-
der assessment: SEC with electric power recovery (SECrecov) and SEC without electric power
recovery (SECp.s) from turbines. This comparison aims to quantify the economic advantages
of incorporating turbine power recovery systems (turbo-generators) into the larger liquefaction
system.

For SECp,se. the net total power requirement is the sum of electrical power needed to drive
the compressors and pumps within the liquefaction plant. On the other hand, for SEC;ecov, the
net power requirement is the difference between the total electric power consumption and the
electric power that would be generated by installing turbo-generators in the plant. In this work,
only turbo-expanders generating mechanical power exceeding 100 kW are considered suitable
for coupling with generators. The conversion efficiency of mechanical energy from turbines to
electrical energy is assumed to be 80%.

For analysis purposes, the main reference process in this study, the high-pressure hydrogen
Claude-cycle conceptual liquefier of 125 TPD capacity proposed by Berstad et al.?!, was reported
to have an SEC value of 7.09 kWh/kg; 1j,. This value can be potentially reduced about 7%, to
about 6.57 kWh/kgy 1, by recovering mechanical power from turbines through electric genera-
tors. The minimum specific work requirement to transform the 20-bar hydrogen feed to liquid
hydrogen at 1.50 bar and 0.2 K subcooled state is estimated by Berstad et al.?! to be equal to
2.67 kWh/kg. Therefore, the FOM, or exergy efficiency, of this process is equal to 37.66%. This
value increases to 40.64% when the addition of a turbine power recovery system is considered.



Equipment Preliminary Design

Nlmerous conceptual approaches to large-scale hydrogen liquefaction have been developed
over the years. However, only a limited number of these concepts have undergone thorough
evaluations of their technical and economic viability. This thesis aims to address this gap by
introducing a comprehensive framework for assessing the technical and economic aspects of
conceptual large-scale hydrogen liquefaction systems. This chapter describes the methodology
employed in this study for preliminary sizing, design calculations, and estimation procedures.
Most of these design procedures have been operationalised through algorithmic calculations
within a self-developed Python programme. The programme’s source code is accessible in the
GitHub repository: https://github.com/pbtamarona/h2liquefaction.

As mentioned in Section 2.3, the preliminary equipment designs presented in this thesis
mainly focus on plate-fin heat exchangers, compressors, and turbines. Additionally, a brief
discussion on the preliminary sizings of cryogenic adsorbers and coldboxes are presented. The
sizing of the remaining equipment is estimated using the APEA mapping and sizing functionality,
which will be briefly explained in Chapter 5. The chapter also outlines the design constraints
for each type of equipment which are based on current technological limitations.

The core objective of the equipment design phase encompasses two key aspects: first, it aims
to evaluate the technical feasibility of the base process introduced in Chapter 3; second, it lays
the foundation for a reliable estimate of the costs associated with the plant, as elaborated in
Chapter 5. The degree of detail of the preliminary sizing and designs, as elucidated in this
chapter, is determined by the specific design constraints and cost estimation models chosen for
the analysis.

A comprehensive account of the results stemming from preliminary sizing and design across
all case study scenarios is provided in GitHub repository: https://github.com/pbtamarona/
h2liquefaction/tree/main/thesisResults.

4.1. Plate-Fin Heat Exchanger

Preliminary sizing and design of the non-catalytic PFHXs, HX-1 and HX-2, is performed in
Aspen EDR design mode. The input for the design is imported directly from the Aspen HYSYS
simulation file of the Claude-liquefier described in Section 3.1.1-3.1.2. The design constraints
assumed for the preliminary design of noncatalytic PFHX are summarised in Table 4.1.
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Table 4.1: Design limitations of plate-fin heat exchangers

Parameter Values Unit
Max. Length 8.2 m
Max. Width 1.5 m
Max. Height 3.0 m
Volume 15-30 m3
Specific surface 500-1,800 m2/m3
Max. Temperature Difference 25.0 K
Min. Temperature Difference 1.0 K

If the heat transfer requirement cannot be fulfilled in a single PFHX while meeting the design
constraints provided in Table 4.1, additional PFHX(s) shall be added in parallel configuration
to the process. In practise, the number of PFHX cores that can be added is limited by the
maximum feasible dimension of the precooling and liquefier coldbox. Therefore, the results of
the preliminary design of PFHX have a significant influence on the technical feasibility of the
coldboxes, which will be discussed further in Section 4.5.

The design mode in Aspen EDR performs various calculations of geometric (mechanical),
thermal, and hydraulic parameters. Furthermore, Aspen EDR provides the estimated stream
properties and wall temperature at every calculation node. These values are used to check
whether the minimum and maximum temperature differences have met the PFHX design con-
straints. Additionally, the Aspen EDR also estimated the pressure drops of each stream, which
can be used to refine the pressure values in the Aspen HYSYS simulation. Figure 4.1 shows
some snippets of the result windows obtained from Aspen EDR PFHX design mode.

For noncatalytic PFHXs, the main outcomes of the preliminary designs within this study
are all the calculation results from Aspen EDR design mode, that fulfil the criteria described in
Table 4.1. The full results of the preliminary designs of noncatalytic PFHXs for all simulation
scenarios are given in the GitHub repository: https://github.com/pbtamarona/h2liquefaction/
tree/main/thesisResults.
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Figure 4.1: Exemplary of Aspen EDR plate-fin heat exchanger design mode results
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Figure 4.2: Schematic for dividing the sizing process of HX-3 into two sizing procedure of noncatalytic
and catalytic PFHXs

4.1.1. Catalyst-Filled Plate-Fin Heat Exchanger

For PFHX with ortho- to para-hydrogen conversion, HX-3-HX-6, the above sizing procedure
is not sufficient, since conversion kinetics is the limiting factor of the design. The steady-
state one-dimensional pseudo-homogeneous continuum reactor model of the counterflow-cooled
catalyst-filled PFHX model recently developed by O’Neil et al.*> has been publicly shared on
GitHub and thus is used to approximate the geometric specifications for the catalytic PFHX as
well as the required catalyst volume.

The PFHX model developed by O’Neil et al.*> is developed to simulate the dynamic processes
of hydrogen spin-isomer conversion, heat transfer, and pressure loss that occur in a two-stream
plate-fin heat exchanger filled with ortho-para catalyst in the hot-stream channel. However,
the catalytic heat exchangers assumed in the liquefaction process simulation are multi-stream
catalytic heat exchanger models, with both hot and cold streams having two streams each.
Therefore, in this thesis, the preliminary design of the multistream catalytic PFHX is separated
into two sizing processes: 1.) The noncatalytic HX sizing; 2.) The catalytic HX sizing. Figure
4.2 shows a schematic for the process of dividing the four-stream PFHX of HX-3, into one
three-stream noncatalytic PFHX (with one cold stream and two hot streams) and two-stream
counterflow catalyst filled PFHX.

Using the catalytic plate-fin heat exchanger of HX-3, from the base simulation described in
Chapter 3, as an example (as shown in Figure 4.2), the full step-by-step procedure for this
approach is as follows:

1. First, the initial size of the HX-3 is determined using Aspen EDR design mode. Here, the
process data is directly imported from the Aspen HYSYS simulation; thus, the main-Ho
streams, F03-F04, are evaluated using the pseudo-e-Hy model of Valenti et al.>t

2. Subsequently, the four streams of HX-3 are segregated into two virtual heat exchangers: HX-
A and HX-B (illustrated in Figure 4.2). As depicted in the schematic, HX-A incorporates
three streams, while HX-B handles two streams. The configuration is established by splitting
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the incoming cold stream with the larger mass flow, R25 in this case, into two virtual streams,
namely R25A and R25B, entering HX-A and HX-B respectively.

3. The mass flows of R25A and R25B are established iteratively using the heat-exchanger energy
balance equation (Equation (2.8)).

4. Once flow rates are determined, HX-A is sized using Aspen EDR design mode with predefined
length and width based on the dimensions obtained for HX-3 from Step 1. Consequently, the
height of HX-A consistently remains smaller than that of HX-3.

5. The initial length and width of HX-B follows those for HX-3 and HX-A, while the height is
set to be equal to the difference between the height of HX-3 and HX-A.

6. With these specifications, HX-B is subjected to simulation using O’Neil et al.’s catalytic PFHX
kinetic model#>. From the resulting plots of this simulation, the temperature profile of the
streams and the final para-Hy composition of the main-Hy stream can be evaluated. The
simulation results of HX-B using the initial dimensions are shown in Figure 4.3a.

7. As described by O’Neil et al.*®, the geometry of catalytic heat exchangers is primarily governed
by conversion kinetics. Thus, the initial sizing of the catalytic PFHX is likely to be insufficient
for the conversion process to reach equilibrium, as observed in the initial simulation of
HX-3. In such cases, the initial dimensions of HX-3 need to be readjusted, followed by

a re-assessment of HX-B with its size recalculated using the same procedure (from Step 5
onward).

8. Adjustment of HX-3’s dimensions and reevaluation of HX-B’s simulation results are repeated
until the desired temperature profile and para-Hs compositions are attained in HX-B.
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Figure 4.3: Stream profiles along the length of the HX-B obtained from the 1-D PFHX with ortho- to
para-H, conversion kinetic model of O’Neil et al.®
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9. For the preliminary design of HX-3, its’ initial dimensions of (1.59x1.50x1.63) m are read-
justed to (4.00%x1.50%3.00) m in order for the para-Hs composition to reach the equilibrium
composition at the exit of HX-B. The results obtained from the simulation using the final
HX-B dimensions, (4.00x1.50x1.54) m, are shown in Figure 4.3b.

10. In this study, the final size of the PFHX is established through an iterative process of trial
and error. No formal optimization procedure is employed within this framework.

In addition to evaluating the stream temperature profile and conversion of hydrogen spin-
isomers, the PFHX kinetic model is also capable of calculating the pressure drop for both the
main hydrogen and the coolant streams in the PFHX. The calculated pressure drop values from
the kinetic model are used to adjust the pressure values of the main hydrogen stream in the
hydrogen liquefier simulation model. On the contrary, the pressure values of the hydrogen
cooling streams are approximated with the pressure drops resulting from the initial sizing of the
catalytic PFHX in Aspen EDR.

The step-by-step sizing procedure described above applied for the preliminary sizing of HX-
3 to HX-6. The preliminary design of heat exchanger HX-7, however, does not involve the
utilisation of the simulation tool developed by O’Neil et al.*>. This is because the influence of
ortho-para conversion on the sizing of HX-7 considered negligible. Given that the conversion
of hydrogen spin isomers associated with the temperature drop in HX-7 is estimated to be very
small, less than 1% of its overall composition, the heat released as a result of this conversion is
expected to be inconsequential. Therefore, the preliminary sizing and design of HX-7 is solely
conducted in Aspen EDR design mode, similar to the noncatalytic PFHXs of HX-1 and HX-2.

During the preliminary sizing of HX-3 to HX-6 in this study, it is observed that most of the
temperature values of the hydrogen coolant at the exit of the PFHX, calculated by the kinetic
model, do not match the expected values from the calculation of the energy balance using the
pseudo-equilibrium model by Valenti et al.°! There is a possibility that the quantification of
the exothermic energy resulting from the conversion of ortho- to para-Hy has been approached
differently by O’Neil et al.*> and Valenti et al.>! This matter necessitates further investigation,
which is currently deferred for future works.

Due to the complexity of the process and equipment, unlike the non-catalytic PFHXs, the
main focus of the preliminary designs for catalytic PFHXs in this study is only on determining
the required dimensions of the PFHX cores. The procedure developed in this thesis ensures
that the PFHX designs are sufficiently large to facilitate the necessary heat transfer process and
enable the equilibrium conversion of hydrogen spin-isomers, while adhering to the dimensional
constraints outlined in Table 4.1. These geometric parameters are considered to be sufficient for
making sound cost estimations which are further described in the next chapter. The full results
of the preliminary designs of catalytic plate-fin heat exchangers for all simulation scenarios are
given in the GitHub repository: https://github.com/pbtamarona/h2liquefaction/tree/main/
thesisResults..

4.2. Compressors

From the base process simulation in Aspen HYSYS, the inlet volumetric flow rates of the com-
pressors MRC-1, MRC-2, LPC and HPC are calculated to be in the range of 4,000-85,000 m3/h
with a maximum discharge pressure of 30 bar. As shown in Figure 2.17b, centrifugal com-
pressors are the most suitable type of compressors for these operating conditions. Therefore,
only the design of radial-flow turbo compressors is considered in this study. In this study, it
is assumed that each radial-flow turbo-compressor design is equipped with an aftercooler that
cools the compressor outlet gas to 298.15 K by means of cooling water.

As of this writing, radial-turbo compressors have not been implemented in the hydrogen
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liquefaction industry. Some of the main challenges of implementing turbo-compressors for
hydrogen application have been addressed in the literature review. To ensure that the out-
comes of the centrifugal compressor preliminary designs of this thesis are technically feasible for
the realisation of large-scale hydrogen liquefiers, this study strictly follows compressor design
constraints that have been derived in accordance with the current technological limitations of
turbo-compressors. The design limitations assumed for the preliminary design of centrifugal
compressors are summarised in Table 4.2.

Table 4.2: Design limitations of centrifugal compressors

Parameter Values Unit
Max. Number of Stages per Compressor 8 stages
Min. Volumetric Inlet Flowrates 1,000 m3/h
Max. Volumetric Inlet Flowrates 300,000 m3/h
Max. Compressor Power 37,000 kW
Max. Impeller Tip Velocity 500 m/s

4.2.1. Selection of Number of Stages and Rotational Speed

As described in the literature review, Section 2.3.2, the initial selection for the number of stages
and the rotational speed of turbo-compressors can be performed using the n-z selection diagram.
To illustrate the selection process, the process data of the high-pressure compressor (HPC)
from the base simulation are taken as an example. Table 4.3 below shows the initial design
specification of HPC:

Table 4.3: High-Pressure Compressor System Initial Specification

Parameter Values Unit
Fluid Hydrogen

Ahis, comp 2,093.06 kJ/kg
Isentropic power 29,948.72 kW
Mass Flowrate 14.31 kg/s
Inlet Condition

Pressure 7.40 bar
Temperature 293.76 K
Enthalpy 3.871.75 kJ/kg
Entropy 44.96 kJ/kg-K
Isentropic Outlet Condition

Pressure 29.8 bar
Temperature 437.62 K
Enthalpy 5,964.81 kJ/kg
Entropy 44.96 kJ/kg-K

The first step in the selection process is to determine the minimum number of stages of HPC
to achieve the required pressure ratio. The pressure ratio of HPC is about 4.03. The minimum
number of stages that can be selected for HPC is restricted by the compressor’s impeller tip
velocity. The impeller or blade tip velocity in the base scenario is limited to 500 m/s. Later in
this thesis, the impact of using higher tip velocity will be evaluated.

The minimum number of compressor stages required can be determined from the maximum
impeller tip velocity by following this approach:

1. Using the following equation below, the maximum isentropic enthalpy change, Ahis, stgpqy»
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across one compressor stage can be determined:
2
Ahis, Stgmax — l,bis : u2,max‘ (4.1)

Here, the input value for the isentropic work coefficient, i, is assumed to be 0.45, as the
polytropic efficiency of the centrifugal compressor is in its optimal range at 0.4< ;s < 0.5.9°

2. Once the maximum isentropic enthalpy change per stage, Ahis stg,,,,. has been determined,
one can estimate the minimum number of stages required by dividing the isentropic enthalpy
difference, Ahis, comp, Tequired in the compression process by Ahis, sig,, :

(4.2)

Ah;
Zmin = Round(LomP) .

Ahis. St€max

Note that in Equation (4.2), the minimum value is rounded to the nearest integer since the
stipulation of s = 0.45 is not a strict requirement. Additionally, the actual impeller tip speed
velocity of each compressor stage will be reevaluated throughout the preliminary design process,
based on the rotational speed and number of stages of the compressor selected in each iteration.
Nonetheless, through this method, it can be determined that for a maximum impeller tip velocity
of 500 m/s, Ahjs, stg,n., is approximately 112 kJ/kg. This would correspond to a minimum number
of compression stages of 19 for the HPC system. However, as stated in Table 4.2, the number
of stages per compressor is limited to 8. Therefore, it is evident that the required HPC pressure
ratio cannot be attained in a single high-pressure compressor.

In this study, the HPC system is designed as a series of three high-pressure compressors,
namely HPC-1, HPC-2 and HPC-3, with each compressor equipped with an aftercooler, as
depicted in Figure 4.4. The pressure ratio in each compressor is approximately 1.59, which is
determined using the following equation:

Pgis npc

Pgycnpc

1/Zcomp
) . 4.3)

PRcomp = (

With this configuration, the minimum number of stages required for HPC-1 and HPC-2 is
calculated to be equal to 5 stages, while HPC-3 requires a minimum number of stages of 6.

Once the minimum number of stages is determined, the n-z selection diagram for each
compressor can be plotted. To make the diagram useful, the number of stages that are included
on the x-axis of the diagram will be in the range of zmin < z < Zmin + 2, as compressors with
Z > zZmin + 2 are considered undesirable, since this would significantly increase the CAPEX of the
compressor. Furthermore, only curves for rotational speed, in the range of zmin < z < Zmin + 2,
which would correspond to a specific speed between 0.4 > ws > 1 (range of ws for the optimal
efficiency of the centrifugal compressor), are plotted in the diagram. The specific speed, ws,

HPC-1 HPC-2 HPC-3

HPC-INT-1 HPC-INT-2 HPC-INT-3

Figure 4.4: HPC system designed as three high-pressure compressors (with aftercoolers) in series
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is calculated using Equation (2.21), with the inlet volumetric of the last compression stage
approximated from isentropic calculations. Figure 4.5a and 4.5b show the n-z selection diagram
tor HPC-1 and HPC-2, respectively. The source code of the programme to generate compressor
n-z selection diagram based on the simulation process data, developed in this thesis, is accessible
through the GitHub repository: https://github.com/pbtamarona/h2liquefaction/tree/main/
equipmentDesign.

The n-z selection diagram evidently serves as a valuable tool for compressor designers, offering
a spectrum of rotational speed and stage number options for compressor design. However, to
make a feasible choice for compressor speed and stages, it is essential to calculate and validate
various kinematic, thermodynamic and geometric stage parameters of the compressor. This
includes the estimation of the isentropic efficiency of each compression stage. The following
subsection delves into the calculation guidelines and design constraints for the preliminary
kinematics, thermodynamics, and geometry of the centrifugal compressors used in this thesis.
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Figure 4.5: n-z selection diagrams for the high pressure compressors

4.2.2. Calculation of Kinematic, Thermodynamic and Geometry Parameters

The calculation procedure developed in this thesis is a simplification of the calculation proce-
dure provided by Gambini & Vellini.?> The block diagram of the centrifugal compressor stage
calculation procedure is shown in Figure 4.6. The main difference between this procedure and
the original stage calculation by Gambini & Vellini?®, shown in Figure 2.21a, is the stage losses
calculation process in the original procedure which is used as the final calculation to verify
the initial assumption of compressor efficiency. However, the stage losses calculation is an ex-
haustive process that requires a full evaluation of all kinematic, thermodynamic, and geometric
parameters of the centrifugal compressor.

As shown in Figure 4.6, in this thesis, compressor stage losses will not be evaluated and com-
pressor efficiency will be estimated based on correlations of polytropic efficiency as a function
of the specific speed of the compressor stage. However, the results of kinematic, thermody-
namic, and geometry calculations are compared with the constraints of the radial stage design
parameters proposed by Gambini & Vellini.?>, in an iterative process. The preliminary design
of centrifugal compressors is considered acceptable once the selection of the input parameters
satisfies the design constraints during all stage calculation. The parameters constraints assumed
for the preliminary design of multistage centrifugal compressors are summarised in Table 4.4.
Considering that these constraints are not stringent for compressor design; instead, they repre-
sent recommended values intended to optimise efficiency, a 10% tolerance is granted for certain
parameters when specified values are difficult to meet.
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Figure 4.6: Multistage centrifugal compressor calculation block diagram

The main set of input parameters, in this guided procedure, can be expressed as functions of
specific speed. Therefore, the related correlations suggested by various authors can be applied
to choose the values for the input parameters. These correlations are as follows:

¢ Isentropic work coefficient, 1is, as proposed by Casey et al 13t
l,bis = lpmedium . (1 - A) + lphigh A+ lpmedium - l,blow : B (44)
where
how = 0.45, medium = 0.55, t,bhigh =0.02,
B 1
Tl +ett’
and
B=¢t2,
where
=K -(Ky+ log,, ws), K =4, Ky =-0.3,
and

ty = K3 - (K, +log,, ws), K3 =5, K, =1.0.
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Table 4.4: Parameter contraints of centrifugal compressors

Parameter Range Remarks
Specific speed, ws 0.4-1.0

Flow coefficient, ¢ 0.2-0.3

Work coefficient, i 0.5-0.6

Degree of Reaction, R 0.6-0.7 10% tolerance
Rotor tip diameter ratio, o 0.5-0.75

Ot/ On 0.2-0.7

Rotor outlet absolute flow angle, a 60°-70° 10% tolerance
Rotor outlet relative flow angle, 89 0°-60° 10% tolerance
Impeller tip speed velocity, usy < 500 m/s

Mach Number, Ma < 0.9

* Rotor tip diameter ratio, &, as proposed by Hazby et al.'32:

243 /9

S =o.5+1.5%. (4.5)

e Rotor outlet absolute flow angle, ay, as proposed by Aungier et al.'33:

2, 3/2 2. 3/2)\2
ay=72°-0.5- 1og(M) ~585. (M) . (4.6)
T T
* Stage polytopic efficiency, 7, as proposed by Bommes et al.!31:134;
»
log,o(7p) = —0.097358 — 0.0800538 - log, (m)
+0.151771 - [lo (L)r +0.340467 - [logyo (5-gm55 )| - 47
' 810129809 ' &10\2.9809/] © "

The stage’s isentropic efficiency can be calculated from the polytopic efficiency using a simple
iteration procedure based on the known fluid states, properties, and the definition of the two
efficiencies.”

This thesis also used some stage parameters assumptions those are generally taken in radial
compressor designs, such as:

Inlet absolute flow angle, a; = 0, unless the relative Mach number need to be reduced.%
Rotor hub diameter ratio, dy, = 0.35, as proposed by Hazby et al.
Absolute velocity at the stator outlet, c3 = ¢4, which is a general initial assumption.

95

* Rotor isentropic efficiency, nr = 7is, which is a general starting assumption prior to stage
loss calculation.%?

Using the aforementioned set of input parameters and the above assumptions, the following
parameters can be calculated immediately:

e Impeller tip velocity (blade speed at the rotor outlet), usy:

Ahis

. 4.8
™ (4.8)

U9 =

"This iterative process, along with the complete centrifugal compressor preliminary design algorithm developed in this thesis, is
implemented in a Python programme, which can be accessed through the GitHub repository, at the following URL: https://github.com/
pbtamarona/h2liquefaction/tree/main/equipmentDesign
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e Work coefficient, :

p=Ys, (4.9)
Nis
e Rotor outlet diameter, Dy:
py = 801 (4.10)
TN
¢ Blade height at rotor inlet, by:
b= 2 3+ 3y). (4.11)
¢ Rotor inlet meridional velocity, cim:
2.V
= . 4,12
m = Dy (0 + o) - by (4.42)
¢ Flow coefficient, ¢:
— m
= (4.13)
* Rotor meridional velocity ratio. ¢:
E—; (W +¢- 8 -tanay) (4.14)
"~ @-tanasy L v '
® Degree of reaction, R:
R—1—f+"’—2-[(1—§2)+tan2a (1-0D)] -9 8 tana (4.15)
= 2 2 - l’b 1 N gD t 1. .
* Flow angles, 81 & f9:
tan By = % —tanay, (4.16)
and
tanﬂgzL-ﬂ—t,b)—é-tanay (4.17)
@ 4

Once the previously mentioned parameters are established, it becomes possible to compute
the complete set of kinematic, thermodynamic, and geometric parameters (or even the stage
losses). Velocity triangles of the flow at the inlet and outlet of each compression stage of the
centrifugal compressors can also be constructed based on these results. The velocity triangles
can be used for further analysis and development of the compressor design. The inlet and outlet
velocity triangles for T-3 are shown in Figure 4.7a and 4.7b, respectively.

The outstanding variables not yet outlined in this document, including the complete set of
absolute, relative, and blade velocities at both the inlet and outlet points, as well as the Mach
number assessment, along with a subset of geometric properties, are accessible within the source
code of the compressor design software developed for this thesis. Given that stage losses are
not assessed in this process, only a small subset of geometric parameters associated with design
limitations and other kinematic/thermodynamic assessments are derived during this initial design
phase.

In summary, the main results of the preliminary designs of the centrifugal compressors
within this study are the number of compressor modules that are needed in the process to
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Assumption: a; = 0°
(a) Stage inlet (b) Stage outlet

Figure 4.7: Velocity triangles in the first stage of centrifugal compressor HPC-1

achieve the required flow compression, along with the number of stages and rotational speed
of each compressor. The required number of stages and speed of the compressors are selected
initially with the n-z selection diagram and verified using the kinematics, thermodynamics, and
geometry calculations. The efficiencies of the compressor stages are estimated by using the
correlation of polytropic efficiency as a function of the specific speed (Equation (4.7)). The full
results of the preliminary designs of the centrifugal compressors in all simulation scenarios are
given in the GitHub repository: https://github.com/pbtamarona/h2liquefaction/tree/main/
thesisResults.

4.3. Turbo-expanders

As explained in the literature review, only radial in-flow turbines, also called centrifugal turbines,
are considered for the design of turbo-expanders required in the hydrogen liquefaction process
described in this thesis. The initial selection process for the number of stages and rotational
speed is nearly identical to the compressor selection process. The main difference, as described
in the literature review, is on the definition of the reversible work, volumetric flow-rates and
rotor’s diameter in the expressions of the specific speed, ws and specific diameter, ;. Similar
to compressors, the preliminary design of turbo-expanders is in accordance with the design
limitations assumed in this thesis. These limitations are outlined in Table 4.5.

Table 4.5: Design limitations of radial-inflow turbines

Parameter Values Unit
Max. Number of Stages per Turbine 1 stage
Min. Volumetric Inlet Flowrates 8.5 m3/h
Max. Volumetric Inlet Flowrates 339,800 m3/h
Max. Rotational Speed 100,000 rpm
Max. Turbine Power 1,500 kW
Max. Impeller Tip Velocity 500 m/s

4.3.1. Selection of Number of Stages and Rotational Speed

For the initial selection of number of stages and rotational speed, n-z selection diagrams can be
created for the turbines. This can be done using a procedure similar to that used for compressors.
However, the main difference between the two procedures lies in the calculations for determining
the maximum isentropic enthalpy change across a single radial expansion stage. To illustrate
the selection process, the process data of T-3 obtained from the simulation detailed in Chapter
3 is employed as an example. The initial design specifications of T-3 are provided in Table 4.6
below.
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Table 4.6: Turbo-Expander T3 Initial Specification

Parameter Values Unit
Fluid Hydrogen

Ahis.comp 483.48 kJ/kg
Isentropic power 2,282.9 kW
Mass Flowrate 4.72 kg/s
Inlet Condition

Pressure 29.48 bar
Temperature 111.99 K
Enthalpy 1,410.73 kJ/kg
Entropy 26.3 kJ/kg-K
Isentropic Outlet Condition

Pressure 7.70 bar
Temperature 67.11 K
Enthalpy 927.25 k]/kg
Entropy 26.30 kJ/kg-K

The pressure ratio of T-3 is 3.83. In this thesis, as is the case for compressors, the minimum
number of stages that can be selected for the turbines is limited by the turbine’s impeller tip
velocity. However, as stated in Table 4.5, the design constraints in this thesis dictate that a single
turbo-expander may only consist of one expansion stage; thus, any expansion stage requirement
that is higher than one will have to be designed with multiple turbo-expanders in series. The
following procedure is used to determine the minimum number of expansion stages required
based on the maximum impeller tip velocity:

1. Using the following equation, the maximum isentropic enthalpy change, Ahis, stg,,,,, across one
turbo-expander stage can be determined:

2
Ahis. St€max — M. (4.18)

Here, the input value for the isentropic velocity ratio, vs, is assumed to be 0.7, as the total-to-
static efficiency of the centrifugal turbine is at maximum values in 0.68 < vs < 0.71.9°

2. Once the maximum isentropic enthalpy change per stage, Ahis stg,,,, has been determined,
one can estimate the minimum number of stages required by dividing the isentropic enthalpy
difference, Ahjs turp, Tequired in the expansion process by Ahis, sig,, :

Ahis, turb )

(4.19)
Ahis, St€max

Zmin = Round(

In Equation (4.19), the minimum value is rounded to the nearest integer since vs = 0.7 is
only a starting value for the number of stage selection. These turbine stage parameters will be re-
evaluated throughout the preliminary design based on the selected rotational speed and number
of stages of the turbine in each iteration. With a maximum impeller tip velocity of 500 m/s, the
maximum isentropic enthalpy change per stage , Ahis, stg,,,,. iS approximately 255.1 k]/kg. This
would signify a need for a minimum of 2 expansion stages for T-3. Due to the constraint of one
stage per turbine component, the design of the turbine expansion system for T-3 is expanded to
incorporate two turbo-expanders in series—namely, T-3 and T-4—both operating at the same
pressure ratio of 1.79. The original turbine denoted as T-4 in the base simulation, depicted in
Figure 3.1, will now be designated as T-5.

While T-3 and T-4 are distinct turbo-expanders housed in separate casings and arranged
in series, this thesis assumes that they operate on the same rotating shaft. This configuration
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Figure 4.8: n-z selection diagram for the turbo-expander T-3 and T-4

aims to maximise power recovery while minimising the space requirements and overall costs
of generators. To determine the appropriate rotational speed, the n-z selection diagram can
be created for the combined setup of T-3 and T-4 (equivalent to a two-stage turbo-expander
system), following a procedure similar to that used for compressors. In this diagram, the
rotational speed curves are plotted within the specific speed range known for optimal efficiency
in radial inflow turbines, which lies between 0.4 > ws > 0.8.10% Figure 4.8 illustrates the n-z
selection diagram for T-3 and T-4.

Following the turbine’s n-z selection diagram, the subsequent task involves opting for the
most suitable n-z configuration by assessing various parameters of the turbines, encompassing its’
kinematics, thermodynamics, and geometry, including the isentropic efficiency of the expansion
process. The fundamental framework of this approach bears similarities to the preliminary
design process used for centrifugal compressors. Nevertheless, there exist disparities in the
specific parameters and equations utilized. The full guideline and design constraints assumed
for preliminary design of turbo-expanders is elaborated upon in the subsequent subsection.

4.3.2. Calculation of Kinematic, Thermodynamic and Geometric Parameters

The procedural framework developed in this thesis for radial inflow turbines closely resembles
that devised for centrifugal compressors. Both methods simplify the calculation process originally
proposed by Gambini & Vellini?>!%% by omitting the stage loss calculation step. However,
the set of input and output parameters in the turbine preliminary designs varies from that
of compressors. Figure 4.9 illustrates the procedure developed for evaluating turbo-expander
parameters, as well as the inputs, assumptions and the resulting kinematic, thermodynamic, and
geometric parameters within the process. The parameter constraints adopted for this preliminary
design are summarised in Table 4.7. Given that these constraints are not strict, rather these
are suggested values aimed for maximising performance, a 10% tolerance is given on some
parameters when meeting the specified values becomes difficult.

In this guided procedure, the set of input parameters can be selected by using specific speed
correlations from the literature. The correlations employed in this thesis are as follows:

e Isentropic velocity ratio, v, as proposed by Aungier et al.!3%:
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Figure 4.9: Radial in-flow turbine calculation block diagram
vs = 0.737 - 022, (4.20)
¢ Isentropic work coefficient, tis:
1
Yis = 5 (4.21)
2-v;
e Rotor inlet absolute flow angle, ay, as proposed by Aungier et al.!3:
a; =79.2° - 14.2 - (4.22)
* Stage total-to-static efficiency, s, as proposed by Aungier et al.!3:
s = 0.87 = 1.07 - (ws — 0.55)% — 0.5 - (ws — 0.55)3. (4.23)

The stage’s isentropic efficiency can be calculated from the total-to-static efficiency using a simple
iteration procedure based on the known fluid state properties, velocities, and the definition of
the two efficiencies.

bThis iterative process, along with the complete radial in-flow turbine preliminary design algorithm developed in this thesis, is
implemented in a Python programme, which can be accessed through the GitHub repository, at the following URL: https://github.com/
pbtamarona/h2liquefaction/tree/main/equipmentDesign
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Table 4.7: Parameter contraints of radial in-flow turbines

Parameter Range Remarks
Specific speed, ws 0.4-0.8

Flow coefficient, ¢ 0.2-0.3 10% tolerance
Work coefficient, 3 0.8-1.0 10% tolerance
Degree of Reaction, R 0.45-0.65

Rotor meridional velocity ratio, & 0.65-1.0

Rotor tip diameter ratio, J; <0.7

0t/0n > 0.4

Rotor inlet absolute flow angle, a4 66°-78° 10% tolerance
Rotor inlet relative flow angle, 84 22°-40° 10% tolerance
Impeller tip speed velocity, us < 500 m/s

Mach Number, Ma < 0.9

This thesis also used some stage parameters assumptions those are generally taken in radial
in-flow turbine designs, such as:

e Exit absolute flow angle, ag = 0, in order to minimize the kinetic energy at the rotor
outlet.!0%

* Rotor hub diameter ratio, 8, = 0.185, as proposed by Aungier et al.

e Absolute velocity at the stator inlet, cg = cg, which is a general initial assumption.!%4

e Stator isentropic efficiency, ns = 7is, which is a general starting assumption prior to stage
loss calculation. 0%

Using the aforementioned set of input parameters and the above assumptions, the following
parameters can be calculated immediately:

¢ Impeller tip velocity (blade speed at the rotor inlet), us:

Uy = ,/L:Zi:. (4.24)

Work coefficient, :

l/) = l,bis s (4.25)
¢ Rotor outlet diameter, Dy:
p = 80m (4.26)
TN
¢ Rotor inlet meridional velocity, cim:
=uy - . 4.2
Cim uq tan a; ( 7)
¢ Blade height at rotor inlet, b;:
4
b= —. 4.28
' 7Dy cim ( )

Rotor meridional velocity ratio, §, as proposed by Aungier et al.!3:

§:C1_m_
Com

2
1+2o.(—) ] . (4.29)
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Flow coefficient, ¢:

Cim
= . (4.30)
P
* Rotor tip diameter ratio, d;:
3 = \/aﬁ Vo (4.31)
’TC . ¢ . u1 . D‘f
* Degree of reaction, R:
R=1-Y, @ [(1 - ) + tan? 2
=1l--+—|(1- an ag-(i—St)]+go-6t-tana2. (4.32)
2 2.9
¢ Flow angles, 8 & fB9:
1 Ot
tanf; = — - (p —1) — = -tanasy, (4.33)
B P P ; 2
and
tan By = % +tanas. (4.34)

After establishing the aforementioned parameters, it becomes feasible to compute the com-
prehensive set of kinematic, thermodynamic, and geometric parameters, or even include stage
losses if required. Velocity triangles of the flow at the inlet and outlet of the radial turbine stage
can also be constructed based on these results. The velocity triangles can be used for further
analysis and development of the turbine design. The inlet and outlet velocity triangles for T-3
are shown in Figure 4.10a and 4.10b, respectively.

Assumption: a, = 0°
(a) Stage inlet (b) Stage outlet

Figure 4.10: Velocity triangles in the radial stage of turbine T-3

The variables that have not been previously outlined in this document, encompassing absolute,
relative, and blade velocities at inlet and outlet points, as well as Mach number analysis and
a subset of geometric properties, are available within the source code of the turbine design
software developed for this thesis. As the assessment of stage losses is not encompassed in
this process, only a limited subset of geometric parameters tied to design constraints and other
kinematic/thermodynamic evaluations are derived in the initial design phase.

In summary, the key outcomes of the preliminary radial in-flow turbine designs in this study
encompass the determination of the necessary number of turbine modules (which corresponds
to the number of the expansion stage due to design constraints) within the process to achieve the
required expansion. This is then followed by the determining the acceptable rotational speed for
the turbo-expander system. The initial selection of the required operating speed and number of
turbines is accomplished using the n-z selection diagram, and their validity is confirmed through
iterative kinematic, thermodynamic, and geometric calculations. The efficiency of the expansion
stages is approximated using the correlation between total-to-static efficiency and specific speed
(as shown in Equation (4.7)). A comprehensive presentation of the results of the preliminary
radial-inflow turbine designs across all simulation scenarios is provided in GitHub repository:
https://github.com/pbtamarona/h2liquefaction/tree/main/thesisResults.
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4.4. Cryogenic Adsorbers

In this study, temperature-swing adsorbers are selected as the cryogenic adsorption system in
the hydrogen liquefaction process. The preliminary design of the TSA system in this study
focusses on estimating the required size and number of adsorber columns. These parameters
are considered important information necessary for the sizing of the precooling coldbox as well
as for making a sound estimation of the plant costs related to the adsorption system.

The size of adsorber column is characterised by the diameter and height of the column. This
thesis utilises a python source code for the sizing of the hydrogen adsorption system developed
by Kandasamy'3® to determine the size and number of TSA columns required for the hydrogen
liquefaction plant under evaluation. The adsorber sizing algorithm developed by Kandasamy'36
is based on the design calculation procedure described by Campbell.!%6

This thesis assumes two adsorption vessels in parallel configuration and is alternately switched
every 12 hours, with an operating lifetime of 5 years. The hydrogen feed is assumed to contain
water impurities with 100 ppm concentration, since sizing evaluation using high water impurities
would give the largest column requirement compared to evaluating with other impurities. The
adsorber columns are assumed to be filled with molecular sieve 4A, which according to Camp-
bell'6 is capable of adsorbing molecules with an effective diameter less than 4 angstrom, such
as water, nitrogen, methane, etc. Besides calculating the required column diameter and height,
the calculation tools provided by Kandasamy!36 also estimate the pressure drop experience by
the hydrogen feed as it lows through the adsorption column.

The regeneration process of the adsorbers would most likely to utilise some part of the warm
hydrogen streams from the Claude cycle as the high-temperature source, however, the full evalu-
ation of this process will not be covered in this study. The full results of the preliminary designs
of the temperature-swing adsorption systems for all simulation scenarios are given in GitHub
repository: https://github.com/pbtamarona/h2liquefaction/tree/main/thesisResults.

4.5. Coldbox

The preliminary design of coldbox in this study focus on estimating the required coldbox volumes
for both the precooling and liquefier system. The precooling coldbox would need to be sufficiently
large to encapsulate the components of the precooling system that are fully or partly operating
in cryogenic conditions. These consists of HX-1 and TS-ADS columns. Similarly, the cryogenic
liquefier coldbox must be suitably sized to contain the Claude liquefier’s components that are
fully or partly operating in cryogenic conditions. These include the PFHXs (HX-2 to HX-
7), turbo-expanders (turbo-generators in power-recovery scenarios), vapor-liquid separator, and
cryogenic pump.

In addition to the main equipment, there are also piping and auxiliary process items that
are essential to the operation of the liquefier, such as valves, control and measurement devices,
etc. To estimate the volume of these elements, the PFHXs and the separator column are given
a clearance of 1.3 from their core volumes. For single and multiple turbo-expanders, in both
parallel or series configurations, the volume estimations consider the additional space needed
for their connections and instrumentation. The estimated footprints of the turbo-expander
systems are approximated based on information extracted from turbine brochures from various
manufacturers. These estimations are shown in Table 4.8.

The necessary coldbox volume is estimated to be the total volumes of the internal components,
including their clearances, accommodated within the vessel. An additional clearance of 10% is
further added to the sum of the component volumes to take into account the coldbox’s wall
thickness and insulation material. In this study, both the precooling and liquefier coldboxes, are
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Table 4.8: Estimation of turbo-expanders volume

Expander Systems Est. Length Est. Width Est. Height Unit
Small turbine (< 300 kW) 158.75 182.9 152.4 cm
1 Turbine 158.75 365.8 304.8 cm
1 Turbine + Generator 317.5 365.8 304.8 cm
2 Turbine 317.5 365.8 304.8 cm
2 Turbine + Generator 476.25 365.8 304.8 cm
3 Turbine 476.25 365.8 304.8 cm
3 Turbine + Generator 635 365.8 304.8 cm
4 Turbine 635 365.8 304.8 cm
4 Turbine + Generator 793.75 365.8 304.8 cm
5 Turbine 793.75 365.8 304.8 cm
5 Turbine + Generator 952.5 365.8 304.8 cm
6 Turbine 952.5 365.8 304.8 cm
6 Turbine + Generator 1,111.25 365.8 304.8 cm

assumed to have a capsule-like structure (spherocylinder), a three-dimensional shape consisting
of a cylinder with hemispherical ends. The main geometrical parameters of the vessel are the
radius and the height of the cylinder. Once the required volume of the vessel is determined,
its optimised radius and height values are determined using Microsoft Excel’s GRG Nonlinear
Solver. The values of the radius and height of the liquefier coldbox are limited to 5.5 m and 40 m,
respectively. These constraints are based on the current logistical limitation of vacuum-insulated
coldbox (see Section 2.3.5).



Techno-economic Analysis

’tho—economic analysis (TEA) is a method for evaluating the economic performance of
a technology. In this thesis, TEA is performed to assess the overall value of a large-scale
hydrogen Claude liquefier, enabling analysts to objectively weigh the benefits of liquid Hy against
the cost of liquefaction. The main objective of the TEA in this thesis is to compute the SLC of a
large-scale hydrogen liquefaction plant based on the Claude-cycle concept described in Chapter
3. Subsequently, in the following chapter, a range of cost sensitivity analyses will be conducted
to investigate how specific parameters impact the cost efficiency of the facility.

Within this TEA, the CAPEX and OPEX of the large-scale high-pressure hydrogen Claude
cycle concept are estimated. These expenditures are derived with the help of the Aspen Process
Economic Analyzer (APEA) software. APEA is chosen due to its capability to project equipment
expenses based on fairly current cost data gathered from actual EPC projects and equipment
manufacturers. Besides estimating equipment purchase costs, APEA also assesses total installed
costs, encompassing both direct and indirect field costs. A noteworthy advantage of opting for
APEA, in contrast to other methodologies, lies in its integration with Aspen HYSYS simulation
software, which is employed for the process modelling conducted in this thesis. Estimation of
main process equipment is based on their design parameters established from the equipment
preliminary design and sizing, as detailed in Chapter 4. Alongside capital costs, APEA also
facilitates the calculation of the plant’s operating costs, encompassing both variable and fixed
operating expenditures.

The subsequent sections discuss about the workflow devised for conducting TEA on hydrogen
liquefiers within this thesis. followed by the description of the general specification, equipment
input parameters, and process assumptions that serve as the basis for the techno-economic
analysis of hydrogen liquefiers performed in this thesis.

5.1. APEA Workflow and Project Basis

The Aspen Process Economic Analyzer is designed to automate the preparation of comprehensive
designs, cost estimates, investment analyses, and timelines from minimal project scope definitions.
This can include inputs from process simulation outcomes or lists of sized equipment. The rec-
ommended project workflow for APEA is depicted in Figure 5.1a. During the project workflow,
user is allowed to go back to previous steps to refine the project cost evaluation.

Within the context of this thesis, some adjustments have been made to the APEA workflow.

68
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These modifications permit the calculation of the SLC for the hydrogen liquefaction process
under evaluation. The TEA workflow tailored for the cost analysis in this study is illustrated in
Figure 5.1.

5.1.1. Project Basis

The project basis defines specifications that pertain to the overall project scenario. These speci-
fications wield an influence over the design and cost estimation process by establishing system
defaults and environmental variables. Within APEA, these specifications encompass various
components, including Project Properties, General Project Data, Basis for Capital Costs, In-
vestment Analysis, Process Designs, and Streams.

Project Properties and General Project Data provide the means for users to specify the
project’s description and owner. Additionally, users can specify the base unit of measure, the
base country, and the base currency for the evaluation of project costs. The setting of the country
base has implications on several system default values, including the base cost index, wage rates
for crafts, as well as costs associated with engineering, construction office functions, and project
management. For the purposes of this thesis, European Union (EU) and Euro (EUR) are selected

Load Data

Translate Process Simulator Data into APEA. Set-up APEA Project Basis
General specs & investments parameters

Examine Loaded Data AJ

Review loaded data using Process View, making sure to
note the models and arrangement. Load Data
l Translate HYSYS simulation data to APEA
Map Data
Map data to Icarus project components. v
Map Data
l l Map data to ICARUS project components
Map (and size) ocne Map (and size) all
item at a time. items at onoe.
Y
Preliminary Design Results:
l l Specify Additional Component Specification e ° Plate-fin heat exchangers
Based on preliminary design results in Chapter 3 « Turbo-expanders
Specify Additional Project Component Information « Compressors

Enter additional project component information and sizing.

Y

Preliminary Design Results:
Specify Additional Project Components | «___ * Coldboxes & insulation mat'l
Based on preliminary design results in Chapter 3 « Temperature-swing adsorbers

Specify New Areas and Project Components
o K K * Generators
Enter additicnal areas and project components not included

in the loaded data.
l A
- - Run Project Evalution
Run Project Evaluation Run evaluate project to produce reports
Run Evaluate Project to produce reports.

A
l « Cost escalation
Review Capital Cost, Design and Basis, and Other Reports a RFV'leW;‘ES“hS. e . Eixe; Ia““”al interest
Review reports using either Aspen Icarus Reporter or Adjust capital and operating costs . O:;rat?s;ecsosts adjustment
Icarus Editor. Reports can also be viewed in Excel or HTML
| '
Review Investment Analysis
Review Investment Analysis spreadsheets in Main Window. Calculate Specific Liquefaction Costs
(a) General projeect workflow recommended by APEA? (b) TEA Workflow developed in this thesis

Figure 5.1: Techno-economic analysis workflow using APEA

“Obtained from Aspen Process Economic Analyzer™ V12 software Help pages
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as the project country and currency base, respectively.

The Process Design specifications are used in APEA projects that contain a simulator input.
These specs facilitate APEA to map the simulator equipment models into ICARUS project com-
ponents. In this study, the Aspen HYSYS process simulation file developed in Chapter 3 and
refined by the preliminary design results in Chapter 4 is loaded into APEA Process Design.
All process unit operations from the simulation, including pumps, vapour-liquid separators, etc.,
are mapped onto APEA (ICARUS) project components and further detailed with additional
specifications derived from the preliminary design results (see workflow in Figure 5.1).

In Process Design specifications, utilities used for process heating and cooling are outlined
within the Utility Specification. This includes the specification and unit costs of the cooling water
streams intended for aftercoolers in the process model. For both the process simulation and the
TEA model, the cooling water for aftercoolers is assumed to operate at a pressure of 3.45 bar,
with inlet and outlet temperatures of 20°C and 35°C, respectively. The unit cost of cooling water
is set at 2.12 x 10~* €/M].

The Streams specifications in APEA serve the purpose of generating, modifying, or removing
streams within a project. However, in this particular study, no alterations or additions to the
streams originating from the process simulation are necessary.

Basis for Capital Costs

The Basis for Capital Costs specifications, consists of General Specs, Construction Workforce, Cur-
rency and Input/Output Units of Measure Customization. The General Specs, specifically, exert a
significant influence over both the total capital expenditure and operating costs of the project.

In General Specs, there are Process Description, Process Complexity, and Project Type param-
eters, which combine to generate the contigency percentage (of the total project cost). These
independent parameters result in a non-linear combination that produces the final value of the
contingency percentage. In addition to adjusting the contigency percentage, Process Description
also governs the design allowances for all equipment whose material cost is system generated.
Project Type, on the other hand, shapes the configuration of the project’s electrical power distri-
bution and process control systems.

The General Specs also includes Project Location, wields an impact the cost estimation of
domestic freight, ocean freight, and taxes/duty (expressed as a percentage of material costs),
as well as the equipment rotating spares (as a percentage of the purchase cost of all rotating
equipment). Additionally, within the General Specs section, there’s a field to input the Estimated
Starting Date of Basic Engineering. This date marks the commencement of the project schedule,
which involves estimating timelines and durations for design engineering, procurement, material
and equipment delivery, site development, and construction. This date also plays a role in
determining capital cost escalation or de-escalation from APEA’s cost/pricing basis.

For this thesis, APEA Version 12 was used, which estimates equipment costs based on a
pricing update from the 1st Quarter of 2019. In this particular study, capital cost escalation is
manually calculated using Equation (2.27), based on the 2019 and 2022 CEPCI Index. As a
result, the Estimated Starting Date of Basic Engineering is set to 1 April 2019.

Furthermore, General Specs entail additional inputs such as Process Control, Soil Conditions
Around Site, Equipment Specification, and others. These parameters collectively define the
additional general equipment and plant design conditions applied throughout the cost estimation
of the entire project. Further details can be found in the APEA Help pages. Figure 5.2 shows
the input values of APEA General Specs for the Base Scenario in this thesis.
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Standard Basis - Metric

Name

Item 1

Process Description New process

Process Complexity Typical

Process Control Digital M
PROJECT INFORMATION

Project Location Rotterdam I~
Project Type Grass roots/Clear field

Contingency Percent 30

Estimated Start Day of Basic Engineering 1

Estimated Start Month of Basic Engineering APR j
Estimated Start Year of Basic Engineering 19

Soil Condition Around Site SOFT CLAY j
EQUIPMENT SPECIFICATION

Pressure Vessel Design Code ASME

Vessel Diameter Specification D :
P and | Design Level FULL

Figure 5.2: General Specs inputs for the techno-economic analysis of the base scenario

Investment Analysis

In addition with General Specs, APEA also provides the user the ability to define the project
Construction Workforces. Construction workforce specifications are divided into General Rates and
Craft Rates. Upon selecting a country base location, the user obtains a base set of crafts, wage
rates, crew mixes, production rates, and other related parameters for field manpower consistent
with the selected country base. Given that this study does not include an analysis on the the
latest average wage and productivity rates for common construction workers in Europe, the
Construction Workforces values are determined using the default settings supplied by APEA
for projects centered in Europe.

The Investment Analysis specifications, consists of Investment Parameters, Operating Unit Costs,
Raw Material Specifications and Product Specifications.Given that the primary objective of TEA in
this thesis is to compute the SLC of a hydrogen liquefaction plant, detailed specifications for
Raw Materials and Product Specifications are unnecessary (as these pertain more to the assessment
of plant profitability and ROI). Due to the same reason, several parameters within Investment
Parameters need not be specified for this study, except for the Operating Cost Parameters and
the Facility Operation Parameters, which contribute to the calculation of total operating cost per
period (the period in this study is set to one year—52 weeks).

The Operating Cost Parameters consist of Operating Charges, Plant Overhead, and G&A Ex-
penses. Operating Charges include operating supplies and laboratory charges, expressed as a
percentage of the operating labor costs. Plant Overhead encompasses charges during production
for services, facilities, payroll overhead, and similar factors, expressed as a percentage of oper-
ating labor and maintenance costs. represent general and administrative costs incurred during
production, such as administrative salaries/expenses, R&D expenses, and product distribution
and sales costs. This value is specified as a percentage of the subtotal of operating costs.

The Facility Operation Parameters consist of Facility Type, Operating Mode, Length of Start-
up Period, Operating Hours per Period, and Process Fluids. Facility Type defines the type of
facility, influencing the number of operators per shift and maintenance costs for facility equip-
ment. Operating Mode impacts the same parameters. The Length of Start-up Period doesn’t
directly affect operating cost calculations, but contributes to APEA project scheduling and cash-
flow analysis, which are irrelevant to the calculation of SLC in this study. The Operating Hours
per Period influence the total cost calculation for operating labor. Process Fluids indicate the
types of fluids involved in the process, influencing both operating and maintenance costs. Figure
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|nvestment Analysis Parameters

Name Units Item 1

Period Description Year

Number of Weeks per Period Weeksiperiod |52

Number of Periods for Analysis 20

Tax Rate Percent/period |40

Interest Rate/Desired Rate of Return Percent/period |20

Economic Life of Project Period 1

Salvage Value (Percent of Initial Capital Cost) |Percent 20

Depreciation Method Straight Line ﬂ
ESCALATION PARAMETERS

Project Capital Escalation Percent/period

Products Escalation Percent/period

Raw Material Escalation Percent/period

Operating and Maintenance Labor Escalation |Percent'period

Utilities Escalation Percent/period

PROJECT CAPITAL PARAMETERS

Working Capital Percentage Percent/period

OPERATING COSTS PARAMETERS

Operating Supplies Costiperiod 25

Laboratory Charges Costiperiod 25

Operating Charges Percent/period |25

Plant Overhead Percent/period |50

G and A Expenses Percentiperiod |8

FACILITY OPERATION PARAMETERS

Facility Type Chemical Processing Facility -
Operating Mode Continuous Processing - 24 Huuz
Length of Start-up Period Weeks 20

Operating Hours per Period Hoursiperiod 8,328

Process Fluids M_

Figure 5.3: Investment Parameters inputs for the techno-economic analysis of the base scenario

5.3 shows the input values of APEA Investment Parameters for the Base Scenario in this thesis.

The Operating Unit Costs form specifies Labor Unit Costs and non-heat transfer Utility Unit
Costs. Labor Unit Costs are given for Operators and Supervisors. The total cost of operating
labor is computed through the following steps: 1.) Determining the total number of operators
and supervisors necessary to run the facility for a certain number of hours; 2.) Adjusting that
number for the number of hours the facility operates per period; 3.) Multiplying that number
by the respective Labor Unit Costs and adding them together.

Operator labor includes all labor works that are associated with operating the facility, while
supervision includes all the labor involved with overseeing the personnel that operate the facility.
In this thesis, the values for the Operator and Supervisor Labor Unit Costs followed the default
values given by APEA, which are 20 and 35 €/personnel-H.

The non-heat transfer Utility Unit Costs consist of Electricity, Potable Water, Fuel and Instru-
ment Air costs. However, for this study, only the electricity cost holds relevance, as the other
utilities aren’t defined in the process plant model. In the base scenario, the electricity cost is set
at 0.1 €/kWh. Nevertheless, a sensitivity analysis regarding electricity costs is executed within
the TEA model, with outcomes discussed in the next chapter.

5.2. Equipment Mapping and Specifications

5.2.1. Compressors

The process simulation’s compression unit operations are mapped to components within the
ICARUS project. As the compressors in this analysis are of the centrifugal type, the models of
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compression systems from HYSYS process simulations are mapped to the ICARUS’ Gas Centrifu-
gal Compressor - Horizontal (GC CENTRIF) model.

After each compressor is mapped to the APEA system, the minimum input parameters for
estimating their capital costs are the actual gas flow rate at the inlet, and the design gauge
pressure inlet and outlet. These elements, along with others, are filled automatically upon
equipment mapping from HYSYS units. Although, two particular parameters remain unspecified,
which are the number of impellers (or stages) and the rotational speed of the compressor. These
values can be defined based on the preliminary design of the compressor conducted in this
research. An exemplary representation of the APEA centrifugal compressor project specification
interface is depicted in Figure 5.4. For compression system that required multiple compressors
to be installed in parallel configuration, due to the centrifugal compressor design limitations, the
total direct costs of the system can be estimated at once by specifying the number of parallel
compressors in the "number of identical items" column within the specification form.

As explained previously, each compressor design is equipped with an aftercooler to bring the
gas outlet temperature back to 25°C. In this study, the compressors’ aftercoolers are mapped to
ICARUS’s TEMA Shell and Tube Heat Exchanger - Fixed tube, float. head, u-tube exchanger

HPC-1_@Compression System - Centrifugal compressor - horizontal

Name Units Item 1

Item Reference Number 1

Remarksil 'IIE—inE(I:?qfé%??nppprzgsfi?nmSystem'.
Remarks 2

Item description HPC-1_@Compression System

User tag number HPC—1_@Compression System
Drawing reference number

Structure tag

Component WBS

Quoted cost per item EUR

Currency unit for matl cost ]
Source of quote |
Number of identical items 1

Installation option 1
Code of account |
Icarus/User COA option |
Casing material Ccs -~
Actual gas flow rate Inlet M3/H 93,227.285046

Design gauge pressure Inlet KPAG 638.15108

Design temperature Inlet DEG C 20.613286

Desigh gauge pressure Outlet KPAG 1,075.43599

Design temperature Outlet DEG C 71.020792

Number of impellers 6

Compressor speed RPM 8,000

Driver power KW 10,404.739116

Molecular weight 2.01588

Specific heat ratio 1.406127

Compressibility factor Inlet 1.004399

Compressibility factor Outlet 1.006309

Intercooler required NO A
Intercooler type WATER -~
Aftercooler required NO A
Aftercooler type WATER |4
Inter/Aftercooler excess area PERCENT 0

Maximum interstage temperature DEG C 175

Intercooler outlet temperature DEG C 30

Interstage pressure drop KPAG 35

Driver type MOTOR 1
Turbine gauge pressure KPAG 2,050

Gear reducer type ]
Lube oil system YES ]
Allow resizing o~

Figure 5.4: Centrifugal compressor HPC-1 component specification form in APEA
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(HE TEMA EXCH) model. Since compressor aftercoolers were not included in the equipment
preliminary design in this thesis, the default sizing and design results from APEA mapping are
used as the basis of the aftercoolers capital estimate.

Once a process component is mapped and specified within APEA, users can run the item
evaluation and generate a capital costing report to evaluate the direct capital costs estimation of
the component.

5.2.2. Turbo-expanders (and Turbo-generators)

The simulation models of expansion turbines from Aspen HYSYS simulations are mapped to
ICARUS project’s Turbine Turbo-expander (TUR TURBOEXP) component model. Similar to
compressors mapping, certain initial specifications of the turbine are automatically populated
within the turbo-expander specification based on the process data imported from Aspen HYSYS.
These specifications include the turbine’s actual gas flow rate at the inlet and the design gauge
pressure at the inlet and outlet of the turbine, which are the mandatory input parameters
required for APEA to compute turbine capital costs.

Within the specification form, the refinement of turbine capital cost evaluation is possible by
inputting the inlet design temperature parameter based on the turbine’s process specifications.
An exemplary representation of the APEA turbo-expander project specification interface is shown
in Figure 5.4. For expansion system that required multiple turbo-expanders to be installed in
parallel configuration, due to the turbo-expander design limitations, the total direct costs of the
system can be estimated at once by specifying the number of the parallel components in the
specification form.

T1 - Turboexpander

Name Units Item 1

Item Reference Number 30

Remarks 1 Equipment mapped from 'T1".
Remarks 2

Item description ™

User tag number ™

Drawing reference number
Structure tag

Component WBS

Quoted cost per item EUR
Currency unit for matl cost
Source of quote

Number of identical items 1

KK

Installation option ﬂ
Code of account CH
Icarus/User COA option |
Actual gas flow rate Inlet M3/H 1,690.767603

Design gauge pressure Inlet |KPAG 2,836.67108

Design temperature Inlet DEGC |[-199.2

Design gauge pressure Outlet | KPAG 678.17108

Power output KW 1,127.271766

Molecular weight 2.01588

Specific heat ratio 1.493449

Compressibility factor Inlet 0.953206

Isentropic efficiency PERCENT|89.69

Number of spare cartridges 0

Allow resizing V]

Figure 5.5: Turbo-expander T-1 component specification form in APEA

As explained in Section 3.1.2, two distinct SEC values of the hydrogen liquefier will be
evaluated in this study, i.e. the SEC with electric power recovery (SECy.;) and SEC without
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electric power recovery (SECy,,) from turbines. For SEC,. calculation, the additional capital
and operating costs due to generators are necessary to be taken into account. Since the electric
generators models are not included in the loaded process simulation file, the generators need
to be added manually in APEA. The power generators are added by adding ICARUS project
component Electrical generator - Steam or gas turbine drive (EG TURBO GEN) in the APEA
project for each turbo-generators system. In the specification form, the driver type is specified
to "NONE" in order to estimate solely the generator component costs (without including again
the costs of the turbine system).

For a series of turboexpanders that operate on the same rotating shaft (such as T-3 and T-4,
illustrated in Section 4.3), only one generator component is assumed to be added to this system,

converting the accumulation of mechanical power from both turbines into electric power with
the efficiency of 80%.

5.2.3. Plate-fin Heat Exchangers

The LNG multi-low heat exchanger model from Aspen HYSYS simulations are mapped to
ICARUS project’s Heat Exchanger - Multi-stream, plate fin heat exchanger (HE PLATE FIN)
component model. In APEA, the minimum input information so that the software can give an
estimate for the direct cost of the plate fin heat exchangers are the dimensions of the PFHX core.
These values are not automatically filled when the equipment are mapped in APEA. Therefore,
the resulting dimensions from the preliminary equipment study must be entered.

HX-2 - Multi-stream, plate fin heat exchanger HX-3 - Multi-stream, plate fin heat exchanger

Name Units  |ltem 1 Name Units  |Item 1

Item Reference Number 57 Item Reference Number 56

Remarks 1 Equipment mapped from 'HX-2". Remarks 1 Equipment mapped from 'HX-3".
Remarks 2 Remarks 2

Item description HX-2 Item description HX-3

User tag number HX-2 User tag number HX-3

Drawing reference number Drawing reference number

Structure tag Structure tag

Component WBS Component WBS

Quoted cost per item EUR Quoted cost per item EUR

Currency unit for matl cost Currency unit for matl cost
Source of quote Source of quote
Number of identical items 2 Number of identical items 1

[<][<
[< <

Installation option j ion option ﬂ

Code of account = Code of account Cd

Icarus/User COA option Al Icarus/User COA option 2

Material A3003 = Material A3003 =

Core length M 4.3976 Core length M 4

Core width M 1.5 Core width M 1.5

Core height M 2.8789 Core height M 3

Number of streams 3 Number of streams 4

Parting sheet thickness MM 15 Parting sheet thickness MM 15

Cap sheet thickness MM 5 Cap sheet thickness MM 6.35

End bar width MM 1.5 End bar width MM 38

Side bar width MM 1.5 Side bar width MM 38

Core weight KG 17,910.7 Core weight KG

Pipe material AL z‘ Pipe material AL ﬂ

Layer data Cu Layer data Cu

Stream data Cu Stream data Cl

Allow resizing j Allow resizing ﬂ
(a) HX-2 (b) HX-3

Figure 5.6: Plate-fin heat exchanger components specification form in APEA

For the noncatalytic heat exchangers, the calculation of PFHX direct costs can be refined
by additionally entering the values of parting sheet thickness, cap sheet thickness, end bar
width, side bar width, and core weight from the preliminary design results in Aspen EDR. For
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catalytic PFHX, only the core dimensions determine from the simulation of PFHX with kinetic
ortho-para conversion are entered to the PFHX specification form. Other parameters followed
the default and estimated values given by APEA. Figures 5.6a and 5.6b show the exemplary
APEA specification forms of noncatalytic and catalytic PFHX comnponents, respectively. For
heat exchanger systems that employ identical PFHXs working in parallel, the total costs can be
estimated by specifying the number of PFHXs within the specification form.

5.2.4. Vapor-liquid Separators, Adsorber Columns, and Coldboxes

The hydrogen liquefaction process model in Aspen HYSYS simulation contains unit operation
models of two vapor-liquid separators, one liquid hydrogen pump and one mixed refrigerant
pump. The vapor-liquid separators are mapped to ICARUS project’s Vertical process vessel
(VT CYLINDER). Since vapor-liquid separators were not included in the equipment preliminary
design in this thesis, the default sizing and design results from APEA mapping are used as the
basis of the phase-separator columns capital estimate.

For both pumps from the precooling and liquefaction systems, the simulation models are
mapped to the ICARUS project’s Centrifugal Pump - Single and multistage (CP CENTRIF). Just
like the vapor-liquid separators, the cost estimation of both pumps are based on the quick sizing
results of APEA mapping procedure.

In contrast, the feed-hydrogen adsorption system and the coldboxes are not included in the
process simulation model. Therefore, like the power-generators, these components need to be
manually added to APEA as ICARUS project components. As determined in the preliminary
equipment designs, the liquefier plant adsorption system is designed as temperature-swing adsor-
bers with two adsorption vessels in parallel configuration to allow continuous operation. Thus,
the adsorption system is mapped to ICARUS Project’s Single Diameter Towers - Dual vessel
temperature-swing adsorber (TW TS ADSORB).

Cost estimation can be performed based on the vessel diameter and the tangent-to-tangent
height, which were determined during the preliminary design of TSA. To further refine the
calculation, parameters such as number of vessel pairs, design gauge pressure, operating temper-
ature, as well as the packing type and height can also be entered in the specification sheet. APEA
(ICARUS) does not have a project component specifically for coldbox structure, although the soft-
ware provides a model for cryogenic double-walled, superinsulated storage tank and cryogenic
double-walled, full containment storage tank. In this thesis, the cost estimation of precooling
and cryogenic liquefaction coldboxes are estimated with the ICARUS Project’s Cryogenic Vertical
Tanks - double walled, superinsulated (VT CRYOGENIC) component. Additionally, insulation
material from ICARUS Project’s Plant’s Bulk - Packed Bulk Insulation is also added to the
APEA project to refine the cost estimation of both coldbox modules.

The main parameters in the coldbox specification form are the vessel diameter and tangent-
to-tangent height, which can be entered based on the preliminary sizing results of coldbox, as
described in Chapter 4. The design and operating temperatures of the coldbox can also be
defined in the specification form based on the lowest fluid temperature within the coldbox. The
design gauge pressure of both coldboxes is assumed to be 5 bar. For the cryogenic liquetfaction
coldbox, the vacuum and jacket design gauge pressure are assumed to be absolute (-101.33 KPa)
and near-absolute vacuum (-100 KPa), respectively. This is used to approximate the cost of
vacuum insulation of industrial hydrogen liquefier coldbox.

The packed bulk insulation material of the coldbox is assumed to be Perlite. The required
volume of the perlite is based on the insulation volume calculated in the preliminary sizing of
coldbox (5% of coldbox volume).
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5.3. Results and SLC Calculation

EXECUTIVE SUMMARY

PROJECT NAME: ThesisAnalysis
CAPACITY: ERR

PLANT LOCATION: Rotterdam
BRIEF DESCRIPTION:

Claude HZ Liguefier

SCHEDULE:

Start Date for Engineering 1APR1S

Duration of EPC Phase §3.00 Weeks
Completion Date for Construction :Friday, June 19, 2020

Length of Start-up Period 20.00 Weeks
INVESTMENT:

Currency Conversion Rate 1.00 EUR/EUROPEAN EURD
Total Project Capital Cost 126,770,350.10 EUR
Total Operating Cost 22.910,507.72 EURM ear
Total Raw Materials Cost 0.00 EURSear
Total Utilities Cost 16,833,980.57 EURSear
Total Product Sales 0.00 EURY ear
Desired Rate of Return 20.00 Percent™ ear
P.0. Period 0.00 “ear

Figure 5.7: APEA executive summary report

Figure 5.7 illustrates an example of the executive summary report that is generated by APEA
once the project evaluation has been completed. The primary findings displayed in this summary
are the Total Project Capital Cost and Operating Cost. These constitute the key input parameters
provided by APEA for computing the SLC of the hydrogen liquefier plant.

Prior to SLC calculation, some adjustments on the total capital cost and operating cost pro-
vided by APEA are necessary. To begin with, the total capital cost must be modified to account
for the plant’s working capital. This is essential since APEA only incorporates this contribution
into the plant’s cash-flow analysis (at one point in the project schedule, when the project enters
the commissioning phase). In this study, a working capital of 10% (of the total project capital
cost) is assumed.

In addition, the capital costs are susceptible to cost escalation. As mentioned earlier, the
APEA V12 utilized in this thesis has been configured to estimate the plant’s expenses based on
a 2019 pricing basis. Consequently, the total project capital cost shown in Figure 5.7 represents
the projected capital costs of the plant as of 2019. For the purposes of this study, these costs
are adjusted to reflect anticipated expenses if computed using the 2022 pricing basis. This can
be achieved using Equation (2.27), with the 2019 and 2022 CEPCI Index of 607.5 and 813,
respectively.”

However, to accurately apply the adjustment using CEPCI, the calculation must be performed
in US$. The following equation is used to adapt the capital costs to 2022 pricing in € using
CEPCI and the average currency exchange rates in the base year of the capital costs pricing (in

’The CEPCI index used here is the CEPCI composite index which is assembled from a set of four sub-indexes: Equipment;
Construction Labor; Buildings; and Engineering & Supervision. The values refers to https://personalpages.manchester.ac.uk/staff/
tom.rodgers/Interactive_graphs/CEPCI.html?reactors/CEPCI/index.html, accessed on 28 August 2023.


https://personalpages.manchester.ac.uk/staff/tom.rodgers/Interactive_graphs/CEPCI.html?reactors/CEPCI/index.html
https://personalpages.manchester.ac.uk/staff/tom.rodgers/Interactive_graphs/CEPCI.html?reactors/CEPCI/index.html
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this case 2019) and the year of 2022:%7

(5.1)

Us CEPCI e
f(Oe.2022 = f(O)e pase - ( $) . 2022 (
base

€ CEPClp,ee \US$ )2022 ’

As shown in Equation (2.17), the calculation of the SLC requires the total project CAPEX to
be broken down into its annual cost contribution. Within this study, the overall capital cost of
the plant is considered as a fixed annuity payment, representing the annual amount that covers
the capital expenditure. The subsequent formula for the capital recovery factor is utilised to
determine the CAPEX annual cost contribution:

Iﬁx ' (1 + Iﬁx)tp

CAPEX, = CAPEXiot - ———7—.
a tot (1 + Iﬁx)tp _ 1

(5.2)

The fixed annual interest rate, denoted as Iy, is commonly assumed within the range of 0.07 to
0.11, as stated by Syed et al.'!3. For the purpose of this thesis, a value of 0.09 is adopted. The
specified payment duration in this analysis spans 20 years.

Given that the APEA project analysis period is setup for yearly assessments, the Operating
Cost resulting from the APEA evaluation (as indicated in Figure 5.7) already equates to the
annual operating cost of the liquefaction plant. This value encompasses both variable and
fixed operating expenses, including the Operation & Maintenance expenditures. Nonetheless, the
financial impact of fluid loss attributed to leaks from the liquefaction plant—primarily anticipated
from turbomachinery components—has yet to be considered. This is because the leakage streams
have not been taken into account in the process simulation.

This value incorporate the variable and fixed operating costs, including the Operation &
Maintenance. However, the cost contribution of the fluid loss due to leaks from the liquefaction
plant (expected mainly from turbomachinery components) has not yet considered, as the fluid
loss is not included in the process simulations of this thesis.

For the base scenario, with a liquefier capacity of 125 TPD, hydrogen leaks are assumed
to constitute 1.5% of the plant’s capacity, while the cost of hydrogen itself is presumed to be
3.5€/kgHs. The makeup flow required to compensate the mixed-refrigerant leaks is assumed to
amount to 1.5 kg/h, with specific cost for MR of 5.0 €/kgHs. These values factor into the final
calculation of the total annual operating cost of the plant.

After determining the adjusted total annual CAPEX and OPEX of the plant, the SLC can
be calculated using Equation (2.17). The annual capacity of the hydrogen liquefaction plant,
denoted as 71y, , in Equation (2.17), is calculated as follows:

hour 3600 second _— (5.3)

Mg = Ua - 8760 year hour

The annual plant utilization rate is assumed to be 0.95, corresponding to approximately 8322
operating hours per year. An exemplary summary of liquefier plant SLC calculations based on
the inputs of Total Project Capital Cost and Operating Cost obtained from APEA is presented in
Figure 5.8.

For the computation of the SLC for a hydrogen liquefaction plant with power recovery
(SLCreco), further adjustments to the operating cost are required. First, the electricity costs
need to be reduced manually with the amount of power that would be recovered by the turbo-
generators. The second adjustment pertains to the operating labor costs. This is necessary
because of the APEA evaluation for operating costs includes provisions for operating personnel
specifically for the added generators. However, this seems to be unlikely in practise, given that
the generators are likely to be installed within the liquefier coldbox. Consequently, the number
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Project Capital Cost Plant Operating Cost
Values obtained from APEA: € 140,236,953 € 40,748,541
Parameter Value Remarks
Working Capital (10%): € 14,023,695
Total CAPEX (2019) € 154,260,648
CEPCI 2019 € 607.5 | CEPCI Composite Index
CEPCI 2022 € 813 |CEPCI Composite Index
Total CAPEX (2022) € 219,391,838 |Equation 5.1
Payment period 20[in years
Fixed annual interest 0.09
Annual CAPEX € 24,033,602 |Equation 5.2
Total annual OPEX € 40,748,541
Hydrogen leaks 1.50% | of plant capacity
Refrigerant leaks 1.5|kg/h
Total annual OPEX with fluid loss | € 43,086,503
Total annual CAPEX+OPEX € 67,120,106
Liquefier capacity 125|tonnes per day
Utilization rate 0.950
SLC € 1.55 per kg of LH,
Specific cost details Remarks
Specific H2 cost € 3.5 |per kg of H2 Assumption
Specific MR cost € 5.0 |per kg of MR  [Assumption
Electricity price € 0.100 [per kWh Base-scenario
Cooling water price € 0.000212 |per MJh Assumption

Figure 5.8: Summary of SLC calculations based on cost estimates from APEA

of operating personnel should remain unchanged. Therefore, in this thesis, the operating costs
associated with labor, operational charges, plant overhead, and general administrative costs are
maintained at the same level in both scenarios, consistent with the values established for the
liquefier plant without power recovery.



Results & Discussions

Zl this chapter, the final configuration and stream data of the large-scale hydrogen liquefaction
process plant are introduced. This layout is the result of refining the reference process
described in Chapter 3 by incorporating insights from the preliminary equipment designs covered
in Chapter 4. The chapter proceeds to evaluate the overall efficiency performance of the proposed
plant design in terms of its equipment efficiency, overall exergy efficiency, and specific energy
consumption. Additionally, the outcomes of the plant cost estimation, following the techno-
economic workflow presented in Chapter 5, are presented.

Furthermore, the chapter presents the findings of sensitivity analyses performed on various
operational and design parameters of the plant, including the cost of electricity, the hydrogen
feed pressure, and the maximum compressor impeller tip velocity. This chapter also includes
scale-up analyses aimed at assessing the economies of scale of the hydrogen liquefaction process
in this study. Lastly, cost projection studies are conducted to provide insights on the future
potential of hydrogen liquefaction technology.

6.1. Baseline Scenario

Figure 6.1 and 6.2 depict the refined process flow diagram compared to the reference process
of 125 TPD Claude-liquefier discussed in Section 3.1.1. Noteworthy alterations to this diagram
involve the addition of a number of compressor and turbo-expander components. The addi-
tional turbomachines become necessary due to the design constraints imposed in the equipment
preliminary design, which essentially prevent the desired process compression or expansion ratio
from being attained within a single turbomachinery component.

Based on preliminary design for the low-pressure compression equipment, it is determined
that three separate compressor units are needed. Each compressor incorporates eight radial
compression stages, and together they compress the hydrogen refrigerant from an initial pressure
of 1.059 bar to a pressure of 7.402 bar. The isentropic efficiencies for individual LPC units,
namely LPC-1, LPC-2, and LPC-3, are assessed at 83.03%, 82.45% and 82.66%, respectively.

Similarly, the design for the high-pressure compression components also calls for three distinct
centrifugal compressor units, responsible for compressing the hydrogen coolant from 7.402 bar
to 29.80 bar. However, unlike the LPCs, each HPC unit only comprises six compression stages.
The calculated isentropic efficiency values for the respective HPC-1, HPC-2, and HPC-3 systems
are also found to be 83.26%, 82.95% and 82.93%, respectively.
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Figure 6.2: Process flow diagram of the baseline scenario (design) of the Claude-cycle compression
system

Table 6.1: Stream data of the hydrogen refrigerant streams

Stream* Temp. [K] Press. [bar] Flowrate [kg/s] Vapour Quality Stream Temp. [K] Press. [bar] Flowrate [kg/s] Vapour Quality
Co1 298.1 29.80 51,498.8 1 C16 47.4 29.44 16,662.1 1
C02 119.4 29.705 51,498.8 1 c17 29.89 7.895 16,662.1 0.9942
co3 112.0 29.607 51,498.8 1 C18 44.36 7.797 16,662.1 1
C04 74.0 29.522 34.,504.2 1 Cc19 74.0 29.522 15,527.0 1
Co5 47.4 29.440 18,977.3 1 C20 46.0 7.797 15,527.0 1
Cco6 33.20 29.391 2,315.2 1 Cc21 45.2 7.797 32,189.0 1
co7 25.41 3.500 2,315.2 0.1939 c22 112.0 29.606 16,994.6 1
co8 21.1 1.250 2,315.2 0.2936 23 71.2 7.699 16,994.6 1
C09 21.1 1.250 2,315.2 1 C24 70.47 7.699 49,183.6 1
Cc10 25.1 1.244 2,315.2 1 C25 102.4 7.599 49,183.6 1
C11 71.9 1.197 2,315.2 1 C26 111.3 7.501 49,183.6 1
C12 111.0 1.151 2,315.2 1 c27 293.6 7.401 49,183.6 1
C13 118.4 1.107 2,315.2 1 RX1 21.10 1.250 1,609.1 0
C14 297.1 1.059 2,315.2 1 RX2 21.70 1.250 1,609.1 1
C15 298.1 7.401 2,315.2 1

*stream names refers to Figure 6.1 & 6.2

The configuration of the precooling system within the plant remains consistent with the
original layout, depicted in Figure 3.2. The MR compressor MR-1 is designed as a two-stage
centrifugal compressor, with an isentropic efficiency of 83.33%. Conversely, MR-2 is designed
as a single-stage centrifugal compressor, characterised by an isentropic efficiency of 83.00%.

As illustrated in the process flow diagram, the Claude-cycle employs a total of five turbo-
expander units (due to the design constraints, the number of units equivalent to the number of
the expansion stages). Notably, T-3 and T-4 are configured in series to deliver the necessary
expansion ratio required by the process. For the respective turbo-expanders, namely T-1, T-2,
T-3, T-4, and T-5, the calculated isentropic efficiency values stand at 89.68%, 89.53%, 87.90%,
90.50%, and 89.34%, respectively.

Furthermore, in addition to the incorporation of the calculated efficiencies of the turbomachin-
ery equipment in the simulation, the pressure losses identified during the preliminary designs of
the TSA and PFHXs are integrated into the process simulation of the final process configuration.
Key stream data concerning the Claude cycle, hydrogen feed, and mixed-refrigerant cycle are
summarised in Table 6.1, 6.2 and 6.3, respectively.

In the base scenario, the plant’s overall specific energy consumption, SECy,g, is determined
to be 7.241 kWh/kg; 1, When the mechanical power from the turbine shafts is recovered using
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Table 6.2: Stream data of the hydrogen feed streams Table 6.3: Stream data of the MR streams
Stream* Temp. [K] Press. [bar] Flowrate [kg/s] Vapour Quality Stream* Temp. [K] Press. [bar] Flowrate [kg/s] Vapour Quality
GH, 298.1 20.00 5,208.0 1 MR1 292.0 3.451 72,000.1 1
Mo1 114.0 19.923 5,208.0 1 MR2 298.1 12.066 72.000.1 1
Mo2 114.0 19.778 5,208.0 1 MR3 300.0 35.000 11,381.5 0
Mo3 106.0 19.647 5,208.0 1 MR4 298.1 35.000 60,618.6 0.7437
Mo4 73.5 19.618 5,208.0 1 MR5 300.1 35.000 72,000.1 0.6444
Mo5 46.0 19.555 5,208.0 1 MR6 114.0 34.851 72,000.1 0
Mo6 30.0 19.544 5,208.0 1 MR7 111.3 3.600 72,000.1 0.0689
Mo7 22.49 1.850 5,208.0 0.2992
Mos 21.60 1.849 5,208.0 0
LHy 21.63 1.500 5,208.0 0
*stream names refers to Figure 6.1 & 3.2 *stream names refers to Figure 3.2

electric generators, the energy consumption reduces to SECrecov = 6.666 kWh/kgyy,. Among
the three plant systems (compression, cryogenic liquefaction and precooling), the compression
system stands out as the largest contributor, accounting for 6.478 kWh/kg; yj, of the total plant
SEC. Thus, the MR precooling cycle’s energy consumption contributes only for 0.763 kWh/kg; y,.

By employing Equation (2.1) and incorporating the pseudo-equilibrium properties from
Valenti et al.>! along with the hydrogen spin-isomer models available in REFPROP%?, the the-
oretical minimum work requirement needed for transforming GHy to LHy can be determined.
The analysis reveals that the ideal specific work for the liquefaction process is 2.218 kWh/kg, or
2.857 kWh/kg when considering the required conversion of ortho- to para-Hg. Based on this
result, the exergy efficiency of the base scenario process is determined as 30.63%, or 39.45%
when accounting for the conversion to para-Hy form. The exergy efficiency increases to 33.27%
(42.85% when including the conversion to para-Hs) if power recovery is considered.

The evaluation of the plant’s CAPEX and OPEX follows the techno-economic methodology
described in Chapter 5. The cost estimation for the plant, considering the base scenario, led to the
calculation of liquefaction cost of SLCpase = 1.55 €/kgrn., for scenarios without power recovery
and SLCrecov = 1.51 €/kgrp, when the power recovery system is incorporated. These SLC
computations are conducted in accordance with the assumptions established for the base-scenario,
as detailed in preceding chapters. A list of parameter values employed in the base scenario, which
will undergo variations and analysis in subsequent sensitivity, scale-up, and projection studies, is
provided in Table 6.4 below. Unless explicitly stated otherwise in subsequent analyses, all other
parameters will remain consistent with the values specified in the baseline scenario.

Table 6.4: Assumptions of plant, equipment and TEA parameters used in base scenario

Plant and equipment design parameters Values Unit TEA (APEA) parameters Values Unit

Hydrogen feed pressure 20 bar Process description New process

Plant liquefaction capacity 125 TPD Fixed annual interest rate 0.09

Compressor max. impeller tip velocity 500 m/s Electricity cost 0.1 €/kWh
MR leakage rate 1.5 kg/h

Regarding the estimation of capital direct costs, it is determined that the Claude-cycle com-
pression system, which consists of HPC and LPC systems (including the aftercoolers), makes a
significant contribution to the overall project capital. This system constitutes a substantial por-
tion of 51 million€ within the total project capital cost of 154 million€ (based on 2019 pricing).
This is followed by the direct cost of the cryogenic liquefaction system and lastly, the expense
associated with the precooling cycle. The distribution of the total direct equipment costs of the
project among the three main systems of the liquefier, for plants with or without power recovery
system, are shown in Figure 6.3.

Furthermore, Table 6.5 provides a summary of the total components, main cost-estimation
parameters, and direct costs for the primary liquefaction plant’s equipment (for liquefier without
power recovery). Notably, the plant’s most expensive equipment is HPC-1, with estimated direct
costs reaching a staggering 18 million<€, followed closely by the other high-pressure compressors,
namely HPC-2 and HPC-3, with costs of approximately 11 and 9 million€, respectively.
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Figure 6.3: Proportion of system’s equipment direct costs (estimated using APEA’s 2019 pricing basis)

For the same scenario, the operating costs of the liquefier is estimated to be approximately
43 million€/year after accounting for the fluid loss. Within this 43 million€/year, the utility
expenses, primarily electricity, make up a significant portion, totaling 33.3 million€ annually, as
shown in Figure 6.4. In this particular scenario, the annual CAPEX and OPEX proportions,
relative to the total annual costs, are found to be approximately 1.00:1.79. The annual cost ratios
for the base scenarios are further depicted in the figures presented in the subsequent sensitivity

analyses section.

Table 6.5: Summary of equipment main cost-parameters and direct costs for baseline scenario

Equipment name | Items in parallel Parameter 1 Parameter 2 Total direct costs™*
Compressors** Inlet flowrate [m3/h] Power Input [kW]

LPC-1 1 29,480.11 676.66 6,057,300 €
LPC-2 1 15,482.84 682.02 3,214,800 €
LPC-3 1 8,107.12 682.42 1,712,400 €
HPC-1 1 93,142.66 10,397.47 18,310,900 €
HPC-2 1 59,564.87 10,622.74 10,771,300 €
HPC-3 1 37,594.57 10,675.71 8,910,700 €
MRC-1 1 16,201.32 2,293.78 2,338,900 €
MRC-2 1 4,006.31 1,663.76 1,574,600 €
Turbines Inlet flowrate [m3/h]  Power Output [kW]

T-1 1 1,689.19 1,127.24 853,900 €
T-2 1 883.74 552.21 563,600 €
T-3 1 2,950.81 1,003.30 942900 €
T-4 1 4,311.67 1,064.25 822,200 €
T-5 1 4471 30.84 300,200 €
Plate-fin HXs Dimensions [m] Core weight [kg]

HX-1 1 (6.08 x 1.5 x 1.78) 18,411.50 1,630,300 €
HX-2 2 (4.4 x 1.5 x 2.88) 17,910.70 2,702,500 €
HX-3 1 (4.0 x 1.5 x 3.0) - 1,675,600 €
HX-4 2 (4.8 x 1.5 x 2.5) - 3,330,100 €
HX-5 1 (7.7x 1.5 x 2.9) - 2,603,400 €
HX-6 1 (6.0 x 1.5 x 3.0) - 2,381,700 €
HX-7 1 (1.58 x 0.95 x 1.03) 17,910.70 367,700 €
Coldboxes Diameter [m] Tan-to-tan height [m]

Precooling-CB 1 2.37 7.12 547,000 €
Cyogenic-CB 1 4.68 18.22 1,620,300 €

*estimated based on APEA 2019 pricing

*excluding the costs of the compressors aftercoolers
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Figure 6.4: Distribution percentage of base scenario annual OPEX

6.1.1. Base Scenario Analysis

In comparison to the SEC values reported by Berstad et al..2! the SEC values obtained for the
liquefaction plant investigated in this thesis are slightly higher. This difference primarily stems
from the temperature adjustment made in Stream C06, which were made to maintain hydrogen
in its gaseous state as it enters turbo-expander T-5. Another contributing factor is the variation
in isentropic efficiency values for the turbomachinery units between the two studies, leading to
differing results in SEC calculations. Nonetheless, the deviation of SEC observed in this study
from the primary reference process remains below 2.2%.

The SEC values of the large-scale liquefaction process presented in this thesis are significantly
lower than those of state-of-the-art hydrogen liquefiers, typically falling within the range of
10-12 kWh/kg15y,. As previously noted, in the baseline scenario, the annual OPEX of the plant
contributes about twice as much to the SLC as the annual CAPEX of the plant. Hence, it can be
deduced that the relatively modest SEC values of the conceptual plant are the principal driver
behind the considerably reduced SLC values when compared to reported figures for existing
hydrogen liquefiers, which currently span from 2.37 to 2.85 €/kgyn,."

Another factor contributing to cost improvement is the economy of scale achieved by the plant.
As explained in the literature review, larger liquefaction plants tend to exhibit lower construction
costs per unit of liquefied gas. According to Towler & Sinnott'%®, gas compressors, pivotal
components of the hydrogen liquefaction plant as indicated in the capital cost estimation for the
baseline scenario, are characterised with cost-scaling exponents of 0.6 and 0.75 for reciprocating
and centrifugal types, respectively. This implies that the specific purchased cost of compressor
decreases with increasing compressor capacity. Considering the substantial scale-up in capacity
of the conceptual plant in comparison to existing hydrogen liquefiers, it is plausible that the cost
curve of compressors significantly contributes to the enhanced SLC outcome.

Furthermore, based on the earlier-discussed SEC and SLC outcomes, an assessment can
be made regarding the impact of incorporating turbo-generator assemblies into the hydrogen
liquefaction plant. The introduction of a power recovery system leads to a reduction of 7.94%
in the plant’s SEC, accompanied by a simultaneous increase in CAPEX of around 2.53%. These

“Converted from 2.5-3 US$/kginy using average exchange rate in 2022 of 1 € = 1.0530 US$ , refers to https://www.ech.europa.eu/
stats/policy_and_exchange_rates/euro_reference_exchange_rates/html/eurofxref-graph-usd.en.html, accessed on 28 August 2023.


https://www.ecb.europa.eu/stats/policy_and_exchange_rates/euro_reference_exchange_rates/html/eurofxref-graph-usd.en.html
https://www.ecb.europa.eu/stats/policy_and_exchange_rates/euro_reference_exchange_rates/html/eurofxref-graph-usd.en.html
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adjustments result in a modest 2.30% decrease in the plant’s SLC, under the assumption of a
base-scenario electricity cost of 0.1 €kWh. Consequently, it can be inferred that at this particular
electricity price point or lower, the integration of turbo-generators is likely to yield minimal or
possibly negligible improvements in the plant’s economic performance. The economic assessment
of including turbogenerator units under higher electricity price scenarios is elaborated in the
following electricity sensitivity analysis section.

6.2. Sensitivity Analyses

6.2.1. Electricity Cost Analysis

The specific liquefaction costs in the baseline scenario are calculated with specific electricity costs
of 0.1 €/kWh. In this sensitivity analysis, the 125 TPD conceptual plant’s annual total costs
and specific liquefaction costs are computed for varying electricity costs between 0.02 and 3.0
€/kWh. These outcomes are presented in the right graph of Figure 6.5. Meanwhile, the left bar
chart of the same figure illustrates the estimated overall capital expenses of the 125 TPD plant,
both with and without the integration of power recovery systems. Both charts are plotted with
the same costs axis (y-axis) for comparison.
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Figure 6.5: SLC of the 125 TPD hydrogen liquefier concept as a function of specific electricity costs

The graphs reveal that the specific liquefaction costs of the hydrogen liquefier are considerably
influenced by electricity costs. The SLC values of the large-scale plant increase to the current
industrial value of 2.37 to 2.85 €/kgLLHy when electricity is priced relatively high at 0.20-0.25
€/kWh. With electricity prices of 0.4 €/kWh, the plant’s total annual expenses reach essentially
175 million€, a figure which corresponds to 80% of the entire project capital expenses. It is
important to note that the range of electricity prices in this analysis is deliberately chosen to
exceed the variation of typical electricity costs in the EU. This choice is intentional to assess the
potential impact of a sudden surge in energy prices (similar to what the EU has witnessed in
recent years), on the overall costs of the hydrogen supply chain.

Conversely, the specific liquefaction costs rapidly decrease to an optimistic value suggested in
existing literature, approaching 0.95 €/kg;y, when the electricity price is 0.05 €/kWh. Some
research indicates that certain renewable energy expenses, particularly from sources like wind,
could potentially drop to as low as 20 €/kWh. If such renewable energy sources were harnessed
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for hydrogen liquefaction, the specific liquefaction costs might even approach as low as 0.88
€/kgLH2'

Furthermore, it is apparent that the OPEX contribution to the cost of liquefaction becomes
very dominant at high electricity price. In fact, when the electricity price is doubled from the
baseline scenario, the annual OPEX becomes more than four times the plant’s annual CAPEX.
Moreover, as the plant’s OPEX increases, the economic benefit of incorporating recovery gen-
erators becomes more pronounced. However, the improvement is negligible compared to the
drawbacks that the plant would face at high electricity price. For instance, the addition of
turbo-generators at electricity rate of 0.4 €/kWh results in a mere 5.17% reduction in SLC.

6.2.2. Feed Pressure Analysis

As highlighted in the literature review, the ideal energy input necessary for a hydrogen lig-
uefaction process reduces as the hydrogen feed pressures increase. To evaluate liquefaction
plant design with a higher hydrogen feed pressure, readjustment of the state conditions for
each stream within the liquefaction process is necessary; since otherwise the process simulation
would not be able to achieve convergence results. Consequently, without the implementation of
an optimisation strategy, performing a sensitivity analysis on the liquefaction process concerning
feed hydrogen pressures higher than the baseline value becomes considerably challenging.
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Figure 6.6: Precompression sytems configuration for different Hy feed pressure

However, when evaluating the plant with lower feed pressures, this study considers the
utilisation of feed pre-compression system. The additional power requirement and capital costs
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of the pre-compression system are incorporated to the calculation of SEC and SLC of the plant.
In this work, the precompression system is assumed to be constructed using one or multiple
centrifugal compressors equipped with aftercoolers. These compressors are designed following
the same guidelines and limitations outlined in Section 4.2. The analysis involves varying the
feed pressure across 1, 5, and 10 bar. The configuration of the resulting pre-compression system
and the outcomes of the SEC and SLC calculations for each feed pressure value are depicted in
Figure 6.6 and 6.7, respectively.
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Figure 6.7: SEC and SLC of the 125 TPD hydrogen liquefier concept as functions of feed pressure

As seen in the figures, the SEC and SLC of the plant increase drastically when the feed
pressure is lowered to 1 bar. This is because the pressure ratio requirement increases drastically
from 4.0 to 20.0 when the feed pressure is reduced from 5 bar to 1 bar. It can also be observed
in Figure 6.7, that the increase in CAPEX and OPEX are roughly the same, by 3.5-4.1%, both
when the feed pressure is decreased from 20 to 10 bar, and from 10 to 5 bar. However, when
the feed pressure is decreased from 5 to 1 bar, the CAPEX increases around 31% while increased
in OPEX is only about 12%.

From this analysis, it can be concluded that the efficiency and economic performance of the
plant design are fairly sensitive to decreasing feed hydrogen pressure. Although the impact of
the feed pressure on the SLC is notable, it is not as profound as the influence stemming from
variations in electricity costs.

6.2.3. Compressor’s Max. Impeller Tip Velocity Analysis

As mentioned in the literature review, considerable research is currently underway to enable the
use of centrifugal compressors for pure-hydrogen compression. A key focus area of this research
is the development of a radial compressor capable of operating at a higher impeller tip velocity
limit. This objective aims to minimise the number of compression stages required for a given
hydrogen application. In this analysis, the maximum tip speed limit in the compressor design
constraints is varied from the baseline value of 500 m/s to 600 and 700 m/s.

With an increased maximum tip speed, the design of the plant’s compression system becomes
more compact, since it reduces the total number of compression stages in both the LPC and HPC
units. Since the total number of aftercoolers within the compression system has a significant
influence on the performance of the liquefier, to give a more comparable analysis between com-
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pression systems, the total number of compressor units, including the aftercoolers, is maintained
at three for both low- and high-pressure compression (as shown in Figure 6.2). Therefore, only
the number of stages in each compressor is reduced as the tip speed limitation increases.

The design results reveal that with a maximum impeller tip velocity of 600 m/s, both LPCs
and HPCs experience a reduction of two stages, resulting in a total of 6 and 4 compression
stages for LPC and HPC, respectively. When the maximum tip speed is at 700 m/s, the number
of stages in each LPC compressor is reduced by two, leaving each with 4 compression stages.
In contrast, the HPC compressors see a reduction of one stage, with each HPC compressor now
consisting of 3 compression stages. The corresponding SEC and SLC of the liquefier following
these design configurations are displayed in Figure 6.8.
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Figure 6.8: SEC and SLC of the 125 TPD hydrogen liquefier using different compressor’s max. tip
velocity

As observed in the figure, there is not a significant difference in the SEC of the plant when
comparing compression systems with varying maximum tip speeds. This similarity arises be-
cause the specific speed of the compressors, which is the primary parameter used to estimate
the compressors’ isentropic efficiency in this study, remains relatively consistent across each de-
sign. Thus, as seen in the figure, the improvement in the SLC of the plant is mainly due to the
reduction in the contribution of the annual CAPEX.

The similar values of specific speed across several compressors can be attributed to the
constraints imposed on their designs (outlined in Section 4.2), which dictate that the specific
speed falls within a similar range. However, it is worth noting that the design process was
largely conducted through trial and error, without the use of an optimisation scheme. Therefore,
it is plausible that higher tip speed velocities could potentially result in higher efficiency through
a design optimisation procedure.

According to the compressors direct-costs estimation from APEA, it can be predicted that the
introduction of high-speed compressors could improve the SLC of the liquefaction plant by 3.0 to
5.5% depending on how significant the increase in the tip speed limitations is. To provide some
perspective, an SLC improvement of 5% in a 125 TPD hydrogen liquefier would correspond to



6.3. Scale-Up Analyis 90

approximately 3 million€ of annual savings.

Another important aspect to note is that compressors direct-cost estimation provided by APEA
only accounts for the differences in cost associated with the reduced number of stages, changes in
power requirements, flow rates, and other process parameters. What both the software and this
thesis have yet to incorporate are the additional costs associated with the use of high-strength
materials and advanced manufacturing techniques required to construct high-speed hydrogen
compressors. These factors are likely to increase the equipment’s purchase costs significantly
beyond the predictions made by APEA. Consequently, there is a possibility that the potential
cost reduction resulting from the decreased number of compression stages could be offset by the
higher costs associated with materials and manufacturing for high-speed compressors. To com-
prehensively analyse this, the projected commercial costs of high-speed hydrogen compressors
must first be obtained.

6.3. Scale-Up Analyis

In this scale-up scenario, the 125 TPD liquefaction plant from the base scenario is scaled up
to 250 and 500 TPD hydrogen liquefier. Within the APEA framework, there is a feature
called the Analyzer Scale-Up Module which calculates the project cost for various production
capacities. APEA achieves this by examining each element of a project, applies a set of scale-up
rules unique to that element and recreates the entire plant description according to the new
production capacity. However, using this process would ignore the preliminary design steps that
are an integral part of the plant’s technical and economic assessment in this study. Therefore, in
this work, the scale-up analysis is performed by readjusting the plant design starting from the
process simulation, equipment design and techno-economic analysis.

6.3.1. Direct Scale-Up vs Modular Cryogenic System

In this thesis, the plant is scaled-up via two distinct cryogenic liquefier system arrangements. The
first arrangement follows the baseline scenario 125 TPD plant configuration, shown in Figure
6.1, but adopting more and/or larger equipment for the cryogenic system. However, as will be
shown in the following subsections, this might not be applicable for such high-capacity hydrogen
liquefiers due to the size limitations of the hydrogen liquefier coldbox, as outlined in Section 4.5.
Therefore, this thesis considers another plant configuration that uses multiple (modular) 125
TPD cryogenic liquefier systems for the design of larger-scale liquefaction plants. Figure 6.9
shows the simplified block flow diagrams of 250 and 500 TPD plants to illustrate the contrast
between the two system arrangements.

As shown in Figure 6.9b and 6.9c, only the cryogenic liquefier portion of the Claude cycle
is split into multiple parallel systems. This is because the two other systems are not bound to
size limitations. In contrast to the liquefier coldbox, the precooling coldbox can be constructed
directly on-site, thus it’s dimensions are not constrained by the transportation weight and size
limits. Similarly, the compression system operates at temperatures higher than room temperature,
allowing them to be installed in a simple building or even open areas.

Furthermore, there is a significant economic incentive for increasing the size of the compressor
units. As mentioned previously, compressors exhibit cost-scaling exponents of 0.6-0.75.18 Given
that the purchased costs of compressors are a major contributor to the capital expenditures of
hydrogen liquefaction plants, a substantial reduction in SLC can be anticipated when the capacity
of the compressors is doubled.

The comparison of SLC calculation results for the upgraded plants, without power recovery,
using the direct scale-up and modular cryogenic system configurations at electricity costs of 0.05
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Figure 6.9: Simplified block flow diagrams for 250 and 500 TPD scaled-up hydrogen liquefaction plant

and 0.1 €/kWh is illustrated in Figure 6.10a and 6.10b, respectively. The MR leakage losses for
the scaled-up plants of 250 and 500 TPD are adjusted from the initial 1.5 kg/h for 125 TPD to
3 kg/h and 6 kg/h, respectively. Conversely, the hydrogen losses of 1.5% of the plant capacities
are maintained in all scenarios.

I Modular OPEX 72 Scale-Up OPEX
B Modular CAPEX [z Scale-Up CAPEX

1.03 1.01

[y
o

SLC Target

4
EY

4
o

Specific Liquefaction Cost, €/kgu,
o
IS

0.2

0.0 250 TPD

500 TPD

(a) Electricity price of 0.05€/kWh

1.8

16

Specific Liquefaction Cost, €/kgu,

250 TPD

B Modular OPEX ZZ Scale-Up OPEX
I Modular CAPEX Z273 Scale-Up CAPEX

1.43

SLC Target

500 TPD

(b) Electricity price of 0.1€/kWh

Figure 6.10: Comparison between the SLC results of 250 and 500 TPD plant using direct scale-up and
modular cryogenic liquefaction systems
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6.3.2. Scale-up Results and Comparison

As shown in the plots, the difference in the calculated SLC results between scale-up plants with
multiple cryogenic coldboxes and those with simply larger liquefier coldbox is not significant.
However, as expected, directly upgrading the capacity of the cryogenic system provides a bet-
ter economic evaluation compared to multiplying the 125 TPD cryogenic systems. Given its
cost effectiveness, the subsequent results presented will primarily focus on the direct scale-up
approach.

Figure 6.11 presents a comparison of calculated Specific Liquefaction Costs (SLC) for liquefiers
operating at 125, 250, and 500 TPD capacities. This comparison is based on the direct cryogenic
liquefier scale-up, both with and without the utilisation of a power recovery system.
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Figure 6.11: Comparison between the SLC results of 125, 250 and 500 TPD liquefiers

It is important to note that, in this thesis, the SEC of the plant remains essentially constant as
the process capacity increases. Because no adjustments were made to the stream data except for
the mass flowrates and slight changes in pressure drops, the total power consumption simply
doubles when the hydrogen feed capacity is doubled, thus maintaining the original SEC value
for the 125 TPD capacity. The implications of this can be observed in Figure 6.11, where the
reduction of SLC due to the increase in plant capacity is slightly higher at lower electricity costs.
This is attributed to the fact that, at lower electricity costs, the SLC contribution of CAPEX is
more substantial. Additionally, specific CAPEX tends to be lower for larger plants. Consequently,
this interplay results in a more noticeable reduction in SLC.

Another noteworthy observation from the graph above is the substantial difference in CAPEX
and SLC reductions when scaling up the plant from 125 to 250 TPD as opposed to scaling
up from 250 to 500 TPD. To gain insight into the underlying reasons for this discrepancy, it
is essential to examine and compare the equipment summary lists for both upscaled plants.
The equipment summary lists for liquefaction plants with capacities of 250 and 500 TPD are
provided in Table 6.6.

Upon a close examination and comparison between Table 6.5 and Table 6.6, a significant
reduction in high-pressure compressosrs specific costs when scaling-up from the 125 TPD to
the 250 TPD plant, specifically HPC-1, HPC-2, and HPC-3 the three most costly components
in the liquefaction plant. This cost advantage arises from the economy of scale applied to the
equipment. In the 250 TPD plant, each compressor’s capacity is doubled, leading to notable
cost savings.
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Table 6.6: Summary of equipment main cost-parameters and direct costs for scale-up scenarios

250 TPD Liquefier

500 TPD Liquefier

Items in

Equipment paralle Parameter 1 Parameter 2 Total direct costs* MMHM__% Parameter 1 Parameter 2 Total direct costs*
Compressors™* Act. inlet flowrate [m3/h] Power Input [kW] Act. inlet lowrate [m3/h] Power Input [kW]

LPC-1 1 59,092.48 1,354.79 10,641,900 € 1 118,483.06 2,713.49 25,281,500 €
LPC-2 1 31,010.68 1,369.48 6,250,600 € 1 62,137.81 2,742.58 10,907,800 €
LPC-3 1 16,224.99 1,368.47 3,407,600 € 1 32,489.98 2,740.89 6,526,400 €
HPC-1 1 186,260.64 20,794.57 29,851,100 € 2 186,370.33 20,802.00 59,702,000 €
HPC-2 1 119,115.55 21,242.83 24,850,700 € 2 119,185.58 21,250.41 49,701,000 €
HPC-3 1 75,180.19 21,343.63 17,661,900 € 2 75,224.32 21,351.21 35,324,000 €
MRC-1 1 32,412.54 4,588.87 3,753,600 € 1 64,826.10 9,177.89 8,449,600 €
MRC-2 1 8,013.87 3,328.04 2,088,700 € 1 16,027.99 6,656.19 3,209,900 €
Turbines Act. inlet flowrate [m3/h]  Power Output [kW] Act. inlet flowrate [m3/h]  Power Output [kW]

T-1 2 1,690.77 1,127.27 1,573,200 € 3 2,254.38 1,500.00 3,137,700 €
T-2 1 1,770.91 1,104.70 780,700 € 2 1,770.88 1,104.68 1,701,200 €
T-3 2 2,951.92 1,004.23 1,590,900 € 3 3,935.93 1,338.99 3,246,800 €
T-4 2 4,311.62 1,070.74 1,689,400 € 3 5,748.88 1,427.66 3,438,700 €
T-5 1 89.45 61.65 317,100 € 1 178.89 123.31 349,600 €
Plate-fin HXs Dimensions [m] Core weight [kg] Dimensions [m] Core weight [kg]

HX-1 2 (6.08 x 1.49 x 1.78) 18,404.60 3,276,100 € 3 (6.52 x 1.50 x 2.22) 24.814.60 6,795,900 €
HX-2 4 (4.41 x 1.50 x 2.82) 17,778.65 5,401,800 € 8 (4.41 x 1.50 x 2.96) 18,513.68 13,295,600 €
HX-3 2 (4.00 x 1.50 x 3.00) - 3,351,200 € 3 (7.00 x 1.50 x 3.00) - 7,639,000 €
HX-4 3 (5.80 x 1.50 x 3.00) - 5,895,900 € 5 (7.50 x 1.50 x 3.00) - 13,142,800 €
HX-5 2 (6.00 x 1.50 x 3.00) - 4,763,500 € 3 (7.50 x 1.50 x 3.00) - 7,885,700 €
HX-6 2 (7.50 x 1.50 x 2.50) - 4,846,300 € 3 (8.00 x 1.50 x 3.00) - 8,132,500 €
HX-7 1 (2.05 x 1.38 x 1.52) 4,120.80 535,600 € 1 (2.32 x 1.50 x 2.87) 9,399.90 801,400 €
Coldboxes Diameter [m] Tan-to-tan height [m] Diameter [m] Tan-to-tan height [m]

Precooling-CB 1 2.94 8.83 794,300 € 1 3.87 11.62 956,700 €
Cyogenic-CB 1 5.09 27.01 2,104,900 € 1 5.93**+* 41.52%*%* 3,248,800 €

*estimated based on APEA 2019 pricing

*excluding the costs of the compressors aftercoolers

*exceeding coldbox design constraints
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However, in the 500 TPD plant design, the circumstances are different. Here, the size of
these compressors cannot be directly increased to meet the process requirement, due to design
constraints associated with centrifugal compressors, as illustrated in Table 4.2. These constraints
prevent compressor flowrates and driver power from exceeding 300,000 m3/h and 37,000 kW,
respectively. Consequently, in the 500 TPD liquefier design of this thesis, the number of HPC
units is doubled and configured in a parallel arrangement. As a result, the total cost of the HPC
units for the 500 TPD plant experience no substantial cost scaling advantage and essentially
doubles compared to the HPC costs of the 250 TPD system.

While more cost-effective HPC configurations may exist, a comprehensive cost optimization
study is required to identify the most optimal solution, a task beyond the scope of this study.
Additionally, it’s noteworthy that the inlet flowrates of the HPC compressors in the 500 TPD
liquefier fall within the operating range of axial compressors. Exploring the potential of axial
compressors in large-scale hydrogen liquefaction plants could open up new avenues for cost
efficiencies. However, to the best of the author’s knowledge, research on the application of axial
compressors in pure-hydrogen compression has been limited to date.

Another important result from the equipment preliminary design is that the cryogenic coldbox
dimensions, shown in above Table 6.6, for the 500 TPD liquefier exceeds the size limitations
outlined in Section 4.5. Consequently, according to the design constraints, which were proposed
based on current technological limitations, direct cryogenic liquefier scale-up is not feasible for
scaling up the baseline 125 TPD process to 500 TPD. Instead, the arrangement of multiple 125
TPD cryogenic liquefiers in parallel represents the feasible plant configuration alternative for the
500 TPD capacity.

6.4. Future Scenarios

6.4.1. Design Allowances and Contingencies

In all previous analyses, the estimation of project capital costs has been conducted through
APEA, with the selection of "New Process" in the Process Description input under the project’s
General Specs. This choice results in a 10% design allowance for all equipment, and material
costs are derived from the APEA ICARUS engine. Additionally, when combined with the default
selections for Project Complexity and Project Type (which are "Typical" and "Grass roots/Clear
Field," respectively), it specifies the project contingencies to be as high as 30% of the bare
plant cost. The following Table 6.7 shows the changes in the design allowance and contingency
percentages employed by APEA when different selections are made for Process Description
(while maintaining the selections for Project Complexity and Project Type fields).

Table 6.7: Equipment design allowance and contingency percentages following Process Description

APEA Process Description Design Allowance % Contingency %

New & Unproven Process 15 36
New Process 10 30
Redesigned Process 7 26.4
Licensed Process 5 21.6
Proven Process 3 18

In the foreseeable future, with the successful construction of larger hydrogen liquefaction
plants, the technology is expected to mature. Companies will likely gain greater confidence in
undertaking such projects with reduced design allowances and contingency percentages. This
analysis attempts to capture the essence of this progression by varying the selection of the APEA
process description input to examine how overall liquefaction costs respond to lower (and higher)
project design allowances and contingency percentages. Figure 6.12 displays the SLC calculation
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results for 125, 250, and 500 TPD plants without a power recovery system at an electricity
cost of 0.1€/kWh, using different selections for Process Description. The different percentages
depicted on the bar graphs represent differences in the SLC values relative to the baseline SLCy,
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Figure 6.12: SLC results for 125, 250 and 500 TPD hydrogen liquefier using different selection of Process
Description at electricity costs of 0.1 €/kWh

As shown in Figure 6.12, the study shows that an improvement of 5% in SLC can be expected
for the 125 TPD liquefier as the industry gains more experience in the construction of hydrogen
liquefiers. Furthermore, it is evident that the SLC can be further reduced from the initial baseline
value of large-scale liquefiers by aligning with the maturation of the technology and increasing
the scale of the plants.

Based on the plots, the SLC of the original large-scale concept is expected to decrease by
approximately 10.0-12.6% as a result of cumulative company experience, technological advance-
ment, and the upscaling the original large-capacity hydrogen liquefier concept. However, it is
important to note that transitioning from a "New and Unproven Process" to a "Licensed" or
"Proven Process" status in an industrial context can be a time-consuming process, spanning
several years or even decades. Therefore, this transformation may require substantial time and
effort involving various stakeholders, including industry, government, and academia, before fully
realising these potential cost savings.

6.4.2. Best Case Projection

In addition to potential cost improvements from gaining more industrial experience, there are
also expectations on the implementation of green policies and renewable infrastructure, which
could potentially boost the development of the overall hydrogen supply chain. This analysis
seeks to project the best cost-reduction scenario for liquefaction costs, by assuming the presence
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of financial incentives, potentially stemming from governmental sources, and access to low-cost
renewable electricity.

Emerging low-carbon policies, such as incentives that offer reduced interest rates for large-
scale low-carbon fuel production, could exert a significant influence on hydrogen liquefaction
costs. Up to this point in the analysis, the overall capital cost of the conceptual plant has been
treated as a fixed annuity payment with a fixed annual interest rate of 0.09. In the following
analysis, the fixed annual interest rate for the calculation of the annual CAPEX of the plant is
adjusted to a relatively low value of 0.07.

As shown in the previous sensitivity analysis, harnessing low-cost electricity sources can
significantly reduce the OPEX of hydrogen liquefaction plants. In this analysis, the specific
electricity price is assumed to be at 0.05 €/kWh. Additionally, the liquifier plants are assumed
to have incorporated turbine power-recovery systems. The SLC calculation results for liquefac-
tion plants with capacities of 125, 250 and 500 TPD following different selections for Process
Description are shown in Figure 6.13.
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Figure 6.13: SLC results for hydrogen liquefiers employing power recovery, calculated using fixed annual
interest rate of 0.07 and electricity costs of 0.05 €/kWh

From the figure, it becomes evident that, with relatively modest project interest rates and
electricity costs, the realization of large-scale Claude-cycle hydrogen liquefiers has the potential to
significantly reduce the industrial cost of hydrogen to around 1.0 €/kg; i,. This is in accordance
with recent cost projection studies as discussed in the literature review. Although the rates
considered in this analysis are relatively low, they still fall within the reasonable range based on
past industry experience. Furthermore, the calculations indicate that for 250 TPD and 500 TPD
capacities, the cost estimations suggest that the SLC could decrease to as low as approximately
0.87 €/kgrn, as hydrogen liquefaction technology matures within the industry.
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6.4.3. Cost and Experience Curves

Cost Curve

As mentioned in the literature review, several cost curve models have been developed and
published in the past to estimate the initial investment associated with hydrogen liquefaction
plants. In this section, the capital cost estimations obtained in this thesis are utilised to predict
a novel cost curve. The capital costs used are from the 125, 250 and 500 TPD concepts using
APEA process descriptions "New Process", "Redesigned”, and "Licensed", respectively. This
cost curve, referred as Cost Curve 1, is compared with existing cost curves documented in the
literature in Figure 6.14. For better comparison, the various cost models shown in the graph
have all been adapted to 2022 pricing in € using Equation 5.1.

Furthermore, within the same figure, Cost Curve 2 is presented, which is constructed based
on combining the capital cost findings from this thesis with reported capital costs of hydrogen
liquefaction plants from various published sources.*!319-27122.137 These capital costs originate
from a variety of sources, including actual establishment cost reports, contractor quotations, and
cost projections. The accompanying cost data can also be found in Figure 6.14. The various
capital cost data shown in the graph have been adapted to 2022 pricing in € using Equation
(5.0).
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Figure 6.14: The cost curves and capital cost data from this thesis and those found in the literature

Both Cost Curve 1 and Cost Curve 2 are formed following Equation (2.29). In the case
of Cost Curve 1, the constant a2 and n are found to be 3.41 million€ and 0.853, respectively.
Meanwhile, for Cost Curve 2, the constant a and n are determined as 13.29 million€ and 0.631,
respectively. As depicted in the figure, both curves fall within a range that is intermediate to
values derived from other models. In comparison to each other, Cost Curve 1 estimates a lower
capital investment for smaller capacity plants (up to 250 TPD) than Cost Curve 2, but estimates
a higher value for large-scale plants (larger than 250 TPD).

Compared to other cost curve models, Cost Curve 1 predicted a higher scaling coefficient. This
is possibly because the economy-of-scale potential of high pressure centrifugal compressors has
reached their limit in the 500 TPD liquefier design studied in this thesis, as explained in Section
6.3. However, as previously mentioned, the introduction of an optimisation scheme as well as
the implementation of high flow-rate axial compressor designs are likely to reduced the specific
capital costs of large scale plants and ultimately predict a more moderate value for the scaling
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exponent of hydrogen liquefiers. These two points are reserved for future research.

It is also important to note the other cost curve models found in the literature were developed
without access to cost data points for extra large plants, with no cost data available for liquefaction
plants exceeding 300 TPD. This could also be the reason for the higher value of the scaling
coefficient of Cost Curve 1 compared to the other models. Specifically, for the liquefier capital
cost model used in HDSAM V4.0%!24 it has been explicitly mentioned that this model is only
valid for a liquefier with a scale of less than 200 TPD.*

Ultimately, as demonstrated in Figure 6.14, it is evident that the capital cost results in this
thesis align closely with the estimates generated by existing hydrogen liquefier cost projection
models. Therefore, it is reasonable to assert that the methodologies for process modelling, pre-
liminary equipment design, and techno-economic analysis developed and described in this thesis
are valuable tools for making sound predictions regarding the economic viability of conceptual
large-scale hydrogen liquefaction processes.

Experience Curve
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Figure 6.15: Prediction of experience curve of hydrogen liquefaction technology based on cost data from
this thesis and those found in the literature

In addition to the cost curves for liquefaction plants, this thesis also aims to provide a
prediction regarding the potential learning/experience curve for hydrogen liquefaction technology.
This prediction is based on the cost data shown in Figure 6.14, where the capacity is rearranged
in a cumulative sum array, starting from the smallest capacity plant and progressing to the largest.
Essentially, the assumption is that the liquefier concepts have all been installed in a sequential
manner, from the smallest concept to the largest concept. Note also that, for experience curve, the
y-axis represents the specific capital costs, which are derived by dividing the capital investment
costs by the plant’s capacity. The results are depicted in Figure 6.15.

The curve fitting of the manipulated cost data to Equation (2.31), resulted to a constant a of
12.23 million€ per plant capacity in TPD and a learning coefficient b of 0.271. Using Equation
(2.32) and (2.33), the progress ratio and learning rate of the above learning curve are determined
as 82.87% and 17.13%. These results essentially means that with each doubling of the installed
global liquefaction capacity the price of hydrogen liquefiers is predicted to drop on average by
17.13%. This is comparable to solar panels, which have learning rate of around 20.20%, based
on the reported reduction in solar panel specific costs from 1976 to 2019.38
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When extending the learning curve to include higher assumed installed capacity, as depicted
in Figure 6.16, it becomes evident that the specific capital investment decreases to 1 million
€/TPD when the global capacity reaches 10,000 TPD. Eventually, it drops further to 0.81 million
€/TPD at 20,000 TPD. Using the same economic assumptions as in the base scenario, including
the 20-year payment period and fixed annual interest rate of 9%, a specific capital cost of 0.81
million €/TPD corresponds to an SLC contribution of 0.28 €/kgyy,. Incorporating the OPEX
contribution from the 125 TPD plant in the base scenario, assuming an electricity price of 0.1
€/kWh, results in an SLC of 1.28 €/kg;i,. This represents a reduction of approximately 17.66%
compared to the original SLCpye of 1.55€/kgy 1, .

While these findings appear promising for the advancement of hydrogen technology and
infrastructure, it is important to note that this prediction in this thesis relies on extrapolation
of preliminary cost estimates for large-scale concepts. There is a high possibility that certain
technological constraints could hinder cost improvements at the above anticipated rate.

Furthermore, the capital investment data used in the construction of previous cost and expe-
rience curves are based on varying assumptions and levels of comprehensiveness. To provide
a more accurate projection of the true potential of hydrogen liquefaction, an experience curve
based on actual global liquefaction capacity should be employed. Unfortunately, the technology
is still in its early stages of implementation, with a global capacity of only 350 TPD. Therefore, it
is highly advisable to continually improving the experience curve as more cost data on hydrogen
liquefaction systems become available, which will ultimately enhance our forecasting capabilities
for the expanding hydrogen economy.

o @ Cost data
—— Cost curve

Specific capital investment, in millions € / TPD

0 5000 10000 15000 20000
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Figure 6.16: Extended experience curve of hydrogen liquefaction technology



Conclusion & Recommendation

7.1. Conclusion

: Z n this conclusion, the sub-research questions formulated in the introduction chapter are
addressed, drawing from the key insights and implications uncovered in this research.

How can a conceptual high-capacity Ha liquefaction plant be accurately modelled using a
commercial process simulation tool?

In this thesis, a modified version of the high-pressure Hy Claude-cycle large-scale hydrogen
liquefaction concept presented by Berstad et al.?!, is selected for evaluation. The modeling of
the process is conducted using Aspen HYSYS process simulation software, making use of its
built-in unit operation models to calculate the operation of various components, such as heat
exchangers, compressors, and expanders. For the calculation of the multi-stream counter-current
PFHX unit operation, the built-in "LNG exchanger" model in Aspen HYSYS is used.

The properties of normal hydrogen, serving as the primary refrigerant in the Claude-cycle,
are determined using the state-of-the-art Helmholtz free energy-explicit fundamental EOS for
normal hydrogen®?, retrieved from the REFPROP database®®. Meanwhile, the properties of the
mixed-refrigerant fluid in the precooling cycle are computed using the Peng-Robinson cubic EOS
available in Aspen HYSYS.

To simulate the hydrogen feed stream that undergoes continuous catalytic ortho- to para-
hydrogen conversion in the heat exchangers, an equilibrium-hydrogen assumption is applied.
For this purpose, the pseudo-equilibrium-hydrogen heat-capacity model developed by Valenti
et al.’! is employed. Implementation of the pseudo-e-Hy model by Valenti et al.>! involves
modifying the REFPROP*? fluid file (.FLD file) for parahydrogen and subsequently calling
REFPROP’s parahydrogen model from Aspen HYSYS.

Prior to equipment preliminary designs, isentropic efficiency values for the pressure changer
components and the pressure drops in the PFHXSs are assumed. These assumptions are subject to
refinement during subsequent equipment design iterations. Once the final isentropic efficiencies
and pressure drops values are obtained, the SEC of the modeled plant is calculated, resulting in
a value of SECp,ee = 7.241 kWh/kgy 11,. When mechanical power is recovered from turbine shafts
through electric generators, the energy consumption is reduced to SECrecov = 6.666 kWh/kgy j,.
These SEC values are values exhibit a 2.2% increase compared to the SEC values reported in the
original reference by Berstad et al.!
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What is the technical evaluation procedure for the preliminary designs of the main equip-
ment in a large-scale hydrogen liquefaction process, and how can the findings from these
preliminary designs be incorporated into the overall plant design?

This technical evaluation in this thesis primarily focuses on the preliminary design of major
process equipment for large-scale liquefaction systems, including compressors, turboexpanders,
heat exchangers. A brief discussion on the preliminary sizings of cryogenic adsorbers and
coldboxes are also presented. Compatibility with existing technology constraints is ensured.

For noncatalytic PFHXs, Aspen EDR’s design mode is utilized, importing input directly from
the Aspen HYSYS simulation file. The resulting calculations, particularly the pressure drop
estimates, refine Aspen HYSYS simulation pressure values.

For catalytic PFHXSs, a pseudo-homogeneous continuum reactor model developed by O’Neil
et al.*® is employed to approximate geometric specifications. This model simulates hydrogen
spin-isomer conversion, heat transfer, and pressure loss in a two-stream PFHX with ortho-para
catalyst. Due to multi-stream catalytic heat exchanger models in the liquefaction process, the
catalytic PFHX preliminary design is split into two stages: noncatalytic HX sizing and catalytic
HX sizing, which are then combined for the final size calculation. This approach ensures that the
size of PFHXs facilitate the required heat transfer and hydrogen spin-isomer conversion while
adhering to dimensional constraints. These geometric parameters are considered to be sufficient
for making sound cost estimations.

Centrifugal compressors are suitable for the compression process required in the liquefaction
plant under evaluation, with flow rates ranging from 4,000-85,000 m3/h and a maximum dis-
charge pressure of 30 bar. Therefore, only radial-low turbo-compressors are considered in this
thesis. Each design includes an aftercooler to cool outlet gas to 298.15 K with cooling water.
While radial-turbo compressors are not yet used in industrial hydrogen liquefiers, this study
adheres to design constraints aligned with current turbo-compressor technology limitations.

The centrifugal compressor preliminary designs estimate the isentropic efficiencies of each
compression stage and determine the number of modules, stages, and rotational speed for each
compressor. The resulting isentropic efficiency values are used to refine the initial assumptions
used in the process simulation. The resulting number of units, stages, and rotational speed are
used to enhance the accuracy of the cost estimation. The procedure is a simplification of the
preliminary design procedure given by Gambini & Vellini.?.

Radial in-flow turbines, or centrifugal turbines, are considered for turboexpanders. The
design process is similar to that of compressors, but with different input and output parameters.
The outcomes include the estimation of the isentropic efficiencies, number of turbine modules
and acceptable rotational speed for the turboexpander system. These are used to refine the
process simulation as well as additional input for cost estimation.

How to effectively estimate the capital and operating costs of a conceptual hydrogen liquefier
based on process simulation model and equipment preliminary designs, and what are the
key factors influencing the plants economic feasibility?

In the technical enonomic analysis of this thesis, the CAPEX and OPEX associated with the
large-scale high-pressure hydrogen Claude cycle concept is estimated. To determine these cost,
the Aspen Process Economic Analyzer (APEA) software is utilised for its ability estimate equip-
ment expenses using up-to-date cost data obtained from real engineering, procurement, and
construction (EPC) projects and equipment manufacturers In addition to estimating the costs
of purchasing equipment, APEA also evaluates the total installed costs, which encompass both
direct and indirect field expenses. A notable advantage of choosing APEA over other cost es-
timation methods is its integration with Aspen HYSYS simulation software, which is employed



7.2. Comments & Recommendation 102

for the process modeling in this thesis. The estimation of the primary process equipment costs
is based on their design parameters, as established during the preliminary equipment design
and sizing. Furthermore, APEA facilitates the calculation of the plant’s operating costs, covering
both variable and fixed operational expenditures.

In the baseline scenario with an electricity price of 0.1 €/kWh, the techno-economic assess-
ment of the 125 TPD Claude-cycle concept resulted in a low SLC of 1.55 €/kg; n,, significantly
below the current industrial hydrogen liquefaction cost of 2.37 to 2.85 €/kg;n,.This cost ad-
vantage primarily stems from two factors: Firstly, the large-scale liquefaction process presented
here has much lower Specific Energy Consumption (SEC) values compared to state-of-the-art
hydrogen liquefiers, which typically range from 10-12 kWh/kgry,. Secondly, the economy of
scale achieved by this plant is noteworthy. Another factor contributing to cost improvement is
the economy of scale achieved by the plant. Gas compressors, a critical component of the hy-
drogen liquefaction plant, exhibit cost reductions with increasing capacity. Given the substantial
capacity increase in the conceptual plant compared to existing hydrogen liquefiers, compressor
cost scaling likely plays a significant role in the improved SLC.

Sensitivity analyses reveal that changes in electricity prices have a substantial impact on
the plant’s economic performance. Furthermore, it also shows that the plant’s efficiency and
economic viability are fairly sensitive to a decrease in the feed hydrogen pressure. While feed
pressure impacts the SLC of the plant, it is not as significant as the effect from variations in
electricity costs. Moreover, based on the methodology presented in this thesis, the incorporation
of high-speed centrifugal compressors in hydrogen liquefaction systems has the potential to
reduce the SLC of hydrogen about 5.21%, particularly when electricity costs are lower.

Moreover, when scaling up the 125 TPD concept, there is potential for cost improvements,
including a 7% reduction in Specific Liquefaction Cost (SLC) at 250 TPD and a 10% reduction at
500 TPD, assuming a base electricity price of 0.1 €/kWh. Looking ahead, future projections and
cost reassessments with reduced design allowances and contingencies suggest the possibility of a
12.3% reduction in SLC as the Claude cycle becomes a "proven" industrial concept. In the best-
case scenario, with financial incentives and access to low-cost renewable electricity, liquefaction
costs could range from 0.87 to 1.09 €/kgry,.

Furthermore, the cost findings from this thesis are used to estimate a cost-scaling curve for
hydrogen liquefaction plants. The curve aligns closely with the existing cost curves reported
by collaborative efforts between industry and government research projects, thereby validating
the methodologies developed in this thesis. The cost data from this research and information
gathered from various sources are also used to predict the experience curve of hydrogen lique-
faction technology, by assuming that these plants have been installed scatteredly across the globe.
The resulting prediction indicates that as the global liquefaction capacity doubles, the expected
average reduction in the price of hydrogen liquefiers is approximately 17%.

7.2. Comments & Recommendation

Based on the findings presented in this thesis, it has been demonstrated that the SLC values of
the large-scale Claude-cycle hydrogen liquefaction concept can achieve the suggested target cost
of 1 US$/kgy 1,. with an electricity cost at approximately 0.05 €/kWh. It’s important to note that
the capital costs for the liquefier estimated in this study are categorized as "Class 4" estimates,
which are essentially initial assessments based on preliminary design results and limited cost
data (refer to Section 2.4.1). These types of cost estimates have an accuracy range of + 30%.
Consequently, the methodology developed in this thesis is better suited for comparing costs
among various design options or process concepts rather than making investment decisions.

Having said that, due to the inherent uncertainty in these estimates, it is possible that the
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actual implementation of the large-scale Claude-cycle concept could result in significantly higher
or lower liquefaction costs. Nonetheless, the authors argue that the SLC results in this thesis
probably still underestimate the true potential of hydrogen liquefaction as a cost-effective solution
for hydrogen transportation and storage.

There are several reasons for this assertion. Firstly, the APEA software calculates capital costs
for the construction of hydrogen liquefaction facilities as if they were conventional chemical pro-
cess plants. Consequently, estimates for land acquisition, the number of personnel required for
operation, heavy-duty construction equipment, and other factors are all based on the assumption
that the facility resembles a conventional chemical plant. In reality, the construction of hydrogen
liquefaction facilities differs significantly from chemical plants, as the majority of liquefier equip-
ment must be installed into cryogenic coldboxes, which would mainly be constructed inside a
production building. The equipment configuration also results in a considerably smaller land
requirement compared to conventional plants with equivalent equipment, as the components are
densely packed inside the cold box. Furthermore, due to the encapsulation of equipment within
the cryogenic coldbox, except for the compression system, the operation of the coldbox is likely
to be centralized. This has the potential to reduce the number of personnel required to operate
the plant compared to what would be necessary for conventional plants. These aspects can be
taken into account by making certain adjustments in APEA, however, more construction and
operation data need to be obtained. Therefore, once this detailed information becomes available,
it may be necessary to refine APEA cost estimation.

Secondly, the methodology employed for process modeling and equipment design in this the-
sis lacks an optimization component. Incorporating optimization steps into this thesis framework
would unlock the genuine potential for efficiency and cost-effectiveness in large-scale hydrogen
liquefaction. This can be implemented into either the process modeling or equipment design
phases, or more interestingly, it could involve optimizing both phases simultaneously, with the
objective function focused on either plant efficiency or liquefaction costs. However, optimisation
based on liquefaction costs within this thesis framework may present greater challenges, given
the capital and operating costs are estimated using APEA. Cardella has previously carried out
liquefaction cost optimization by integrating Honeywell UniSim Process Simulation with Mat-
lab,2? although the cost estimation used in their study is self-developed and relies on adapted
cost correlations that have not been fully published.

Considering these factors, the author recommends that future research should explore the inte-
gration of optimisation algorithms into the methodologies for process modelling and preliminary
equipment design in the context of hydrogen liquefiers. However, prior to the implementation
of an optimisation procedure, a more robust equipment preliminary design procedure may be
necessary, particularly for the catalytic plate-fin heat exchanger design.

The methodology for the sizing of the catlytic PFHX in this thesis assumes that the non-
catalytic and catalytic part of the multi-stream PFHX can be designs separately. It combines the
results from Aspen EDR with the pseudo-homogeneous continuum reactor model developed by
O’Neil et al.*> to estimate the necessary sizing for both heat transfer and hydrogen spin-isomer
conversion.

This is performed because the model proposed by O’Neil et al.*> is primarily intended for
simulating hydrogen conversion, heat transfer, and pressure loss in a two-stream PFHX with an
ortho-para catalyst, which is different from the multi-stream (more than two streams) PFHXs
used in the large-scale Claude-cyle liquefier concept studied in this thesis. Since most large-scale
hydrogen liquefaction concepts employ a series of three- or four-stream PFHXSs, it is strongly
recommended to develop a steady-state continuum reactor kinetic model specifically for the three-
or four-stream catalyst-filled PFHXs. This would provide a more robust foundation for design
optimization and obtaining more accurate sizing for the PFHXs used in large-scale hydrogen
liquefiers.



7.2. Comments & Recommendation 104

Furthermore, the design process for centrifugal compressors and radial turbo-expanders
could also be enhanced by incorporating stage loss calculations into the design flowchart. This
enhancement would improve the accuracy of estimating the isentropic efficiencies of these compo-
nents and provide additional geometric parameters that can be used as inputs for more detailed
equipment designs.

It is also worth emphasizing the importance of giving more attention to the design of the
adsorption system. The regeneration process of the adsorber columns can have an impact
on the power requirements, and thus, overall efficiency of the plant. Moreover, refining the
cost estimation for the coldbox vessel is also advisable if cost data for its production becomes
available. In this thesis, the cost of the cryogenic coldboxes is estimated using the ICARUS
Project’s Cryogenic Vertical Tanks - double-walled, superinsulated (VT CRYOGENIC) component.
However, this estimation may not be entirely accurate since cryogenic hydrogen liquefiers and
their precooling coldboxes tend to be more complex, with a greater number of electrical and
instrumentation system connections, as they encapsulate high-tech equipment rather than simply
containing cryogenic fluid.

In conclusion, the technical and techno-economic assessment of large-scale hydrogen lique-
faction of this thesis shows that the concept of a high-pressure hydrogen Claude cycle could
potentially meet the liquefaction cost target of 1 US$/kgry, and become a cost-effective solution
for hydrogen transportation and storage. However, the author recognises that there is ample
room for improvement in the developed framework, starting by enhancing equipment design
methodologies, refining cost estimations, and implementing optimisation techniques. These ad-
vancements will contribute to making hydrogen a more accessible and viable energy carrier for
the future.
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