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‘My work consists of two parts: The one presented here plus all that I have not
written. And it is precisely this second part that is the important one’.

Ludwig Wittgenstein
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Introduction

The effectiveness of a chemical plant is determined by the interplay between the
process, the mode(s) of operation and the control system. The topic of this thesis is
integration of process design and control system design. Once the mode of opera-
tion (usually steady-state continuous operation) has been established the other two
design activities are usually carried out sequentially. But they are highly related
and interactive. The central research question in this work is "How do process
design decisions influence the achievable control performance of the system in the
conceptual phase of the design?” This problem is explored in three dimensions (1)
improvements in the design process itself, (2) application to a novel process with
high economic impact and (3) exploiting a wider set of operating modes. The im-
provements in the design process itself are mainly focussed on the synthesis and
analysis phase. The newly developed methods and tools are applied on a novel
reactor design for Fischer Tropsch synthesis. Then the economic potential of inte-
grated design of the process and the operational policy for a periodically operated
Fischer Tropsch synthesis process is demonstrated.



Chapter 1

1.1 Chemical Processes

The products of the chemical industry can be found everywhere in our modern
society. Besides typical products like transportation fuels, plastics and solvents,
the chemical industry also produces products like medicine, food additives, paint
and detergents.

The importance of the chemical industry for the dutch economy becomes clear
from the following figures, taken from CBS (2001). In 1999, the turnover of the
chemical industry (including the refined petroleum products and manufacture of
rubber and plastic products) was 38 billion euro of which 67 % is exported, with a
profit of 1.9 billion euro. The investments in the chemical industry in 2000 were
about 2.1 billion euro, 25% of the total industrial investments. About 98.000
people are directly employed by the chemical industry.

The basic function of chemical processes is that feedstocks are converted into
products that satisfy certain societal needs. This conversion can be just the seem-
ingly simple process of mixing the ingredients of formulations. But it can also
be a highly complex process containing multiple chemical reactions, recycles and
separation stages. During the last decades chemical processes have become in-
creasingly complex. Ogunnaike (1996) mentions the following three reasons that
have led to this increasing complexity:

e the continuous drive for more consistent attainment of high product quality,
e more efficient use of energy,
e tighter safety and environmental regulations.

Moreover chemical processes are considered to be part of a supply chain (Backx
et al., 1998) leading to increasing operational requirements. This increased com-
plexity requires novel process design methodologies that can integrate exter-
nal factors like controllability, safety and sustainability from the earliest design
phases on.

These developments inspired the foundation of the Delft Interdisciplinary Re-
search Center (DIOC) "Mastering the Molecules in Manufacturing (M3)”. The
objective of M3 is to develop a novel model based design methodology for com-
plex industrial processes. An essential element in this approach is to consider all
relevant phenomena ranging from the smallest molecular time and length scale
to the large scales of complete plants and sites. In this thesis the results of the
project on integration of process design and control system design are reported.
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1.2 Problem sketch

The state of the art in conceptual process design is a three step approach.

e In the first step the operational policy is determined. Will the process be
operated in steady-state, (semi-)batch or periodic? How many operating
points will be considered?

e Then one designs the process by searching for the optimum process that
satisfies all boundary conditions like safety and environment aspects. Op-
timum is generally defined in some economic sense, for instance the return
on investment, based on steady state operation only.

e Only after this conceptual process design a control system is designed to
compensate for disturbances.

A more thorough description of the state of the art in conceptual process design
is presented in Chapter 2.

From an economic point of view it is desirable that the system can be con-
trolled accurately. This is becoming more and more important because of the
supply-chain environment in which the process is operating. Off-spec production
can be very expensive because of waste of feedstock. In addition generating ex-
cessive amounts of wastes leads to financial costs. Therefore the quality of the
control performance can contribute significantly to the overall economics of the
system. The achievable control performance is determined by a combination of
the operational policy, the process and the control system. An ill controllable
process can have the small capital costs, but due to off-spec production, the oper-
ational costs can be large or the revenues can be small as well. However there is
no straightforward relation between controllability and economics. The interac-
tion between process and control system is certainly not a novel insight. Ziegler
and Nichols (1943) already stated that:

”...it is important to realize that controller and process form a unit;
credit or discredit for results obtained are attributable to one as much
as the other.”

Note that the operational policy is usually not considered.
The ideal situation would be that the economic effects of the control perfor-
mance could be assessed in the process design phase. A first step would be to
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have an solid understanding about how the design decisions made in the process

design phase influence the achievable control performance. When this knowl-

edge is available the design decisions can be made considering both the static

economics based on nominal operation and the achievable control performance.
Based on this a preliminary problem definition is formulated:

How do process design decisions influence the achievable control per-
formance of the system in the conceptual phase of the design?

This problem will be explored in three dimensions:
e What improvements in the design process itself are needed?

e Are improvements applicable to realistic situations; i.e. to a novel process
with high economic impact?

e Can dynamic modes of operation be included?

In Chapter 3 this problem definition will be refined based on a review of existing
practices.

1.3 Structure and main results of the Thesis

In Chapter 2 the state of the art in process design is outlined. The context of the
conceptual process design phase is sketched and an introduction is presented of
currently available process design methodologies. Some generic design princi-
ples that can be found in different engineering design disciplines will be intro-
duced and their application in chemical process design will be discussed. The
generic design cycle will be presented. This model of the design process will used
throughout this thesis to put the new contributions in place.*

Chapter 3 continues with a discussion of existing literature in the field of
integration of process design and control system design. Alternative currently
available methods will be identified. Their limitations will be discussed and a
refined problem definition is presented. The refined research objectives are de-
velopments of a controllability method applicable for the synthesis phase, novel
controllability analysis methods and testing on a novel design case study, as well

*This Chapter is written jointly with Gijsbert Korevaar. In his upcoming PhD thesis he will show
how sustainability issues can be integrated in the conceptual design phase.
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the integrated design of the operational policy and the process for periodically
operated processes.

In Chapter 4 a new Thermodynamic Controllability Assessment (TCA) ap-
proach is presented. This approach, based on non-equilibrium thermodynamics
allows the designer to account for controllability in the synthesis phase.

In Chapter 5 a new controllability analysis indicator is developed that over-
comes some of the limitations of existing indicators. This indicator is based on
LQG control. It is also shown how this indicator can be used to make a trade-
off between controllability and economics. Moreover a novel analysis method is
developed for dynamic interaction analysis of control loops. The major benefit of
this method is that the interaction analysis is done in the time domain, without
restrictive assumptions on the type of control being used.

Subsequently in Chapter 6 the methods that were developed in Chapter 4 and
5 are demonstrated in a case study: the Fischer Tropsch synthesis reactor sec-
tion. The controllability characteristics of alternative designs of a novel Fischer
Tropsch synthesis reactor will analysed.

All processes considered up to Chapter 6 have the same operational policy; it
are steady-state continuous processes. In Chapter 7 we will show that an alter-
native operational policy can sometimes lead to significant economic benefits. We
will present an integrated design of the operational policy and the process for a
periodically operated Fischer Tropsch synthesis process. This integrated design
of the system and the control reference signal leads to a dynamic optimization
problem.

In Chapter 8 the results obtained in this thesis will be put into perspective
and recommendations for future developments will be presented.



Chapter 1




Conceptual process design, a
literature review'

In this chapter the field of conceptual process design is investigated. First the
relevance of conceptual process design research is identified. Then conceptual
design is placed in a societal context. After a brief discussion of generic design
principles, the currently standard approaches of conceptual process design are
discussed. This description of conceptual process design can be used to put all
developments made in the remainder of the thesis into general conceptual process
design perspective.

tThis Chapter has been written together with Gijsbert Korevaar
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2.1 Introduction

The objective of chemical processes is to convert a specific feed stream into spec-
ified products. The design of the process begins with the desire to produce prof-
itable products that satisfy societal needs (Seider et al., 1999). The products
include petrochemicals, industrial gases, foods, pharmaceuticals, polymers and
many other (bio-)chemical products, etc. A large number of steps are taken be-
tween the original idea and plant operation, of which conceptual process design
is a specific step. Douglas (1988) defined conceptual process design as:

[...] to find the best process flowsheet (i.e., to select the process units
and the interconnections among these units) and estimate the optimum
design conditions.

In the more recent textbooks on process design, Biegler et al. (1997) and Sei-
der et al. (1999) give similar definitions. The importance of conceptual process
design becomes clear when one realizes that, although a relatively small fraction
of the total budget is spent during the conceptual design, the majority of invest-
ment costs is assigned in this phase. Figure 2.1 illustrates this schematically. Si-
irola (1997) estimates that decisions made in the conceptual design phase, which
accounts for about two or three percent of the project costs, fix approximately
eighty percent of the combined capital and operational costs of the final plant.
So the success of a chemical plant is for a large part determined by the concep-
tual design.

Conceptual process design is a highly complex task. Therefore systematic
methods for conceptual process design are required. The following characteris-
tics of conceptual design contribute to this complexity:

e A large number of alternatives is possible.
e A large variety of requirements should be satisfied.
e Large differences in temporal and spatial scales are involved.
These characteristics will now be discussed in some more detail.
Number of alternatives Douglas (1988) estimates that for a typical design

the number of alternatives that might accomplish the same goal can be over 1
billion. Out of these alternatives one wants to select the one that best suits the

8
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Figure 2.1: Financial characteristic of conceptual process design.

objectives, e.g. the design with the lowest financial costs that satisfies all other
constraints. The main difficulty with this large number of alternatives is that
the path from design decisions to the demands to be satisfied is complex and
highly non-linear. This requires systematic methods to reduce the number of
alternatives early in the design process.

Quality factors In process design, the designer has to cope with a large va-
riety of requirements. Some of these are explicitly state in the Basis of Design,
others not. Herder (1999) defined all requirements as quality factors. Based on
group discussions with industrial experts, Herder (1999) identified a large list
of quality factors that are relevant for chemical processes. These quality factors
are arranged in two dimensions. On one dimension there are the following four
classes:

functional what functions shall the system provide?
operational how shall the system be operated?
physical what are the physical conditions, the system shall endure?

economic what are the costs and budget limitations?

The other dimension concerns the system levels: plant level, site level and world
level. Table 2.1 shows a representative list of external factors, classified accord-
ing to these two dimensions, from a case study presented by Herder (1999).

9
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All those factors are regarded nowadays as relevant, but it stays very hard to
consider them during the decision-making in the conceptual phase of the chemi-
cal processes, especially since the different criteria play a role at different phases
in the design. The problem is that the route from a design decision to the quality
factor is quite complex, comprising many causal steps and being highly non-
linear in its behaviour. So a challenge for conceptual process design is to know
when which quality factors should be considered and how the design decisions
made have an influence on these quality factors.

Multiple scales The performance of chemical processes is determined by phe-
nomena operating at various temporal and spatial scales. On the one hand nano-
scale phenomena are dominant at for instance catalyst surfaces with typical spa-
tial scales of 10~°m and typical temporal scale of 10~3s. On the other hand phe-
nomena on global scale influence the operational policies of chemical processes
with typical spatial scales of 10°m an typical temporal scales of 10°s. Figure 2.2
shows the various scales schematic.

This Chapter is organized as follows. First some generic design principles
will be discussed. These are principles found in other engineering disciplines,
but also applicable in chemical process design. Then the context of conceptual
process design is sketched. This context contains two dimensions; the supply
chain and the process life span. In section 2.4 the conceptual process design
practices, as found in the literature, are presented. The Chapter ends with some
final remarks.

2.2 Generic design principles

Design is an activity that is carried out in a wide variety of application fields.
Railway-tracks, a new engine for a Formula 1 car, a new chair and a CD player
are all products that are designed (by engineers). The design of such products is
often a multi-disciplinary activity. Despite this wide variety in design, there are
several common factors.

Several authors describe the essential element of design as reasoning from
function to form (e.g. Gero, 1990, Roozenburg and Eekels, 1995, Kroes, 2000).
The design starts with the need for a product that fulfills a specific function.
The designer should then determine the product that (optimally) satisfies the

11
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Temporal scale

v

Spatial scale

Figure 2.2: Schematic representation of the relevant scales for chemical pro-
cesses.

required tasks. The form of the product consists of a description of both geometric
properties and the physico-chemical properties. In chemical process design the
function is generally described as to convert a feed into products with specified
properties. (Douglas, 1988)

A model that describes the various activities carried out in the process of rea-
soning from function to form is the so-called basis cycle of design (Roozenburg
and Eekels, 1995). This model is found in various alternative design fields, in-
cluding industrial design engineering (Roozenburg and Eekels, 1995), chemical
process design (Siirola, 1996) and mechanical engineering design (Cross, 1994).
Figure 2.3 shows this cycle. The process starts with formulation of the design
problem. In this stage the basis of design is defined. This includes specification
of the external factors that needs to be considered, selection of the design space
and of the building blocks to be used and identification of the required domain
knowledge. Then, in the synthesis phase, alternatives are generated. The (phys-
ical) behaviour of the alternatives is determined in the analysis phase. In the
evaluation phase the performance of the system is compared with the required

12
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formulation

Y

synthesis

Y

analysis

< evaluation>

Figure 2.3: Basis cycle of design.

performance, as specified in the problem formulation phase. So this relates to
the societal appreciation of the alternatives. If the performance is not accept-
able, one should either reformulate the problem, or generate other alternatives
in the synthesis phase. When the behaviour is acceptable, one can proceed with
the design to the next level of detail.

2.3 Context of Conceptual Process Design

Every chemical process is designed for a given infrastructure within a certain
environment, this implies that many interactions exist between the performance
of the chemical plant and the world around. The context of the conceptual process
design can be sketched in two dimensions (Grievink, 2002); the supply chain and
the process life span. This is illustrated in Figure 2.4.

13
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2.3.1 Supply chain

Traditionally chemical processes were studied separately from their environ-
ment. Because of the growing urge for industrial symbiosis (Konz and van den
Thillart, 2002) and growing complexity of industrial product life cycles (Kleinei-
dam 2000) this is no longer sufficient. This is the incentive for the emerging field
of supply chain management (see for example, Applequist et al., 2000, Hall 2000,
Zhou et al., 2000). The supply chain is defined, as the whole of processes that sur-
rounds the process and that is required to bring the product to the customer. The
supply chain is somewhat related to the product life cycle, which describes the
life of a product from cradle to grave. The difference is that the viewpoint in the
supply chain is the process whereas the viewpoint in the product life cycle is the
product. The supply chain describes all factors influencing the operation of the
process.

Process

Retrofit/ process life span
Demolition

A

Plant;, . Plant, . Plant, ,
Operation Operation "| Operation Product

f

Process
Design

Resource

supply chain

A

R&D

Need

Figure 2.4: The context of conceptual process design.
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The supply chain starts with the exploration of resource materials and ends
with the final product (Backx et al., 1998), the transportation and inventory steps
in between are also taken into account. The chain does not only contain material
flows, but also information flows, which determine the purchasing, planning and
marketing. This kind of schemes (as presented in Figure 2.5), can be helpful in
locating the process in its larger context by considering the input and output of
the process as outcomes of the supply chain modelling (Backx et al., 1998).

The whole supply chain can be modelled (Garcia-Flores et al., 2000) and op-
timization tools can be used in supply chain management (Gupta et al., 2000).
Supply chain considerations will influence some external factors in the Basis of
Design. Typical examples are turn-down ratios and flexibility requirements with
respect to product grades and associated qualities.

2.3.2 Process Life Span

The Conceptual Process Design is only a part of the process life span of chemical
plants, as already indicated in Figure 2.4. Here we discuss a general description
of the procedure to come to a chemical process taken from Siirola (1995), see Fig-
ure 2.6. According to the author, the building of a chemical plant is an organized
multistage goal-directed process. This process leads from the identification of the
customers’ needs to a plant operation producing a material that fulfils the needs.
The construction of a chemical plant is carried out in various ways, depending on
the organization of the company or the nature of the chemical process, for exam-
ple the development of a new facility requires more steps than the improvement
of an existing plant. Figure 2.6 shows that the conceptual process design cov-
ers the stages basic chemistry to basic plant engineering. In the stage of basic
chemistry fundamental reaction chemistry is selected. In the detailed chemistry
stage chemical details of catalysis, solvents and reaction conditions are defined.
The task identification identifies physical operations to prepare raw materials
for reaction and isolate reaction products for sale. In the unit operations stage,
chemical and physical operations that are defined previously are associated with
actual pieces of equipment and basic plant engineering means the definition of
supporting utilities and other facilities infrastructure. This sequence however is
strongly focussed on petro-chemicals. For processes with micro-structured prod-
ucts the micro-structure should be considered explicitly early in the process.
The innovation process is not a linear process, in which each stage is visited
once. On the contrary, the process is highly iterative and stages may be revisited

15
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Figure 2.5: Schematic representation of a supply chain (Backx et al., 1998).
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e Need Identification
e Manufacturing Decision

e  Basic Chemistry

Conceptual e  Detailed Chemistry
Process . .
. Task Identification
Design

e Unit Operations

e Basic Plant Engineering

e Detailed Engineering

e Vendor Specifications

e  Component Acquisition

e  Construction Plan and Schedule
e Plant Construction

e Operating Procedures

e  Commisioning and Start-up

e  Production Plan and Schedule

Figure 2.6: General Innovation Cycle (Siirola).

several times until an acceptable solution is reached. This implies that each visit
to a stage can be conducted at different levels of detail.

Especially from the viewpoint of sustainable development, life span issues
of the chemical plant are important during the development of chemical pro-
cesses (Ishii 1997), which can be covered by incorporation of LCA-(Life Cycle
Assessment)-tools in the process design stage (Azapagic 1999).

2.4 Conceptual Process Design practices

Traditionally conceptual process design was a kind of evolutionary activity. New
plants were designed mainly based on existing plants. In the early seventies
some progress was made towards a systematic approach for conceptual process
design (Rudd et al., 1973). This was mainly inspired by the increasing demands
both from an economic point of view and from an environmental and energy con-
sumption point of view. But only in the last two decades of the 20th century the
major advances in conceptual process design were made. The approaches can be

17
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classified into two groups: hierarchical decomposition and superstructure opti-
mization (Douglas and Stephanopoulos, 1995, Daichendt and Grossman, 1998).
Hierarchical decomposition and superstructure optimization are sometimes pre-
sented as two competing approaches. They should however, be considered as
complementary rather then competing (Douglas and Stephanopoulos, 1995). In
the earlier design stages the emphasis will be more on hierarchical decompo-
sition, while optimization methods will be more important in the later design
stages. In these stages the number of alternatives is reduced and usually models
will be available. Therefore optimization methods will be more useful then in the
earlier phases.

2.4.1 Hierarchical decomposition

The basic idea of hierarchical decomposition is that the design problem is too
complex a problem to be solved at once. Therefore it is decomposed into several
sub-problems with increasing amount of detail. Two different types of hierar-
chical decomposition are often encountered into the literature. The most often
referred to approach is the one originally presented by Douglas (1985, 1988).
This approach starts with considering only the input-output structure of the pro-
cess. In the subsequent design levels, more details are added, finally ending with
the complete flowsheet. The design decisions are mainly made using heuristics
and short-cut models. The evaluation is done based on economics only. Table 2.2
shows the levels according to Douglas and Stephanopoulos (1995).

Table 2.2: Design levels of Douglas hierarchical decomposition.

Level 0 | Input information

Level 1 | Number of plants

Level 2 | Input/output structure
Level 3 | Recycle structure

Level 4 | Separation structure
Level 5 | Heat exchanger network
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In all levels the decisions are made based on the total annualized costs. The
method was originally developed for gas/liquid processes only, Douglas (1985,
1988). Extensions to solid processes (Rajagopal et al., 1992), polymer processes
(Malone and McKenna, 1990, McKenna and Malone, 1990) and multi-step reac-
tion plants (Douglas, 1990) have been presented afterwards.

The second direction into hierarchical decomposition is a task-driven method
(Siirola, 1995, 1996). In this method the properties of the product and the
feedstocks are compared. The raw materials are considered to be the initial
state. The desired product is the goal state. When property differences ex-
ist between the initial state and goal state, tasks are required that eliminate
these differences. According to Siirola (1995) a natural hierarchy among prop-
erty differences (and hence tasks) exists: molecular identity, amount, compo-
sition, phase, temperature and pressure, form. This hierarchy arises because
changing the properties lower in the hierarchy will generally not influence the
properties higher in the hierarchy. Table 2.3 shows the hierarchy in property
differences and some resolution methods. Once all required tasks have been
identified, equipment should be designed to realize these tasks. In this step sig-
nificant savings can be achieved when multiple tasks are integrated in one piece
of equipment. The last item of the hierarchy, form, however seems not to fit in.
Meeuse et al. (2000) showed that for products with in internal microstructure
one should start with considering this structure, rather then end with it.

Table 2.3: Property hierarchy and common difference elimination methods (Si-
irola, 1996).

Property Difference Resolution Method
Molecular Identity Reaction Mixing
Amount Splitting, Purchase
Composition Mixing, Separation
Phase Enthalpy Change
Temperature, Pressure | Enthalpy Change
Form Various
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The Delft Conceptual Design Matrix (Grievink 2002) is a combination of the
task driven method, Douglas approach and the general design paradigm. This
matrix is shown schematic in Figure 2.7. In this novel level framework one of the
levels contains the task description. This also enables the designer to think into
the more fundamental tasks then in terms of traditional unit operations. Meeuse
et al. (2000) and Jadhav et al. (2002) have demonstrated the effectiveness of such
an approach for structured products.
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plant type
input/output structure
tasks blocks Functional part
unit operations
process integration
equipment design
control system Implementation part
optimisation |

Figure 2.7: Delft Conceptual Design matrix.

2.4.2 Optimization-based conceptual design

The process design problem can also be formulated (and solved) as an optimiza-
tion problem. A typical characteristic of such an optimization problem is that
it consists of both continuous design variables, like sizes, temperatures, pres-
sures and flowrates, and discrete design variables, indicating the structure of
the process. These discrete design variables are associated with a so-called su-
perstructure, which has embedded a large set of feasible process operations and
interconnections that are candidates for an optimal process design. Figure 2.8
gives an example of such a superstructure. This structure contains a plug flow re-
actor, a CSTR and all combinations of these two reactors, as well as two different
separation sequences. The number of trays and feed tray location are additional
design variables.

20



Conceptual process design, a literature review

I

Figure 2.8: Process superstructure.

Mathematically the problem can be formulated as follows. Let a process sys-
tems be described by a set of Differential Algebraic Equations (DAE):

& = flz,z,u,d,00),
0 = gle2ud,0,6) @D

where © € R"= are the state variables, z € R"= are the algebraic variables,
u € R™ are the input variables, 6 € R™ are the disturbance variables, o €
R™e x [0, 1] are the design parameters, and ¢ € R are the uncertain param-
eters. The design variables contain real-valued, o, and integer-valued numbers,
4. Real-valued design parameters are for example dimensions, pressures and
temperatures. Integer-valued design parameters are related to structural design
decisions e.g. the number of trays in a column or the type of reactor. In this chap-
ter all uncertain variables are considered to have their nominal values, ¢ = ¢q
so that these can be omitted from the analysis. f are the differential equations
and g are the algebraic equations. The domain of validity is described with the
following inequality constraints:

0 <k(z,z,u,do), (2.2)

where k represent the inequality constraints.
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The static process design problem can then be formulated as:

min J(z,z,u,d,0),

st. 0= f(z,z,u,0,0), (2.3)
0=g(z,z,u,d,0),
0 <k(z,z,u,d,0),
where J is an economic parameter like the return on investment or the total
costs.

The numerical optimization techniques that can be employed to find the opti-
mum design embedded in the superstructure can be either gradient based, mixed
integer non linear programming techniques (MINLP) (Grossman, 1997, Floudas,
1995) or genetic algorithms (Emmerich et al., 2000).

Most applications are for subsystems rather then for complete flowsheets.
Floudas (1995) presents an overview of several applications: heat exchanger
networks, separation systems, reactor networks and reactor-separator-recycle
systems. Papalexandri and Pistikopoulos (1996) present an alternative super-
structure based on mass and heat transfer modules rather then on equipment.
This approach is closely related to the task driven approach, allowing for the
generation of novel type of processes. One of the difficulties in this approach is
however to formulate an objective function since there is no direct relation with
equipment sizes and hence with the capital costs.

The main benefit of the optimization-based approaches is that it can really
find the optimum solution embedded within the problem statement. However
the time required for this is substantial. Especially the formulation of the prob-
lem and the efforts required to get the converged solution from arbitrary initial
conditions can be significant.

2.5 Concluding Remarks

In this Chapter we investigated the field of conceptual process design, one of the
earliest phases of the design of chemical plants. The conceptual process design
problem aims to find a flowsheet that converts a specified feedstock into a spec-
ified product and that fulfils the requirements of the assignment. In practice,
an assignment is given to design a chemical plant for the production of a cer-
tain product or a set of products, within a given environment and with required
specifications.
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The focus of our work is to incorporate the quality factors controllability’ and
sustainability’ in conceptual process design. In the current design practices pre-
sented in this Chapter, these quality factors are not considered explicitly. There-
fore, design methodologies need to be improved such that these issues can be
incorporated. It is important that the design methodology helps to make deci-
sions explicitly. The methodology has to improve the generation of alternatives
and locate the analysis tools. During the generation of alternatives, heuristic-
based tools are used, because a decision has to be made with lack of information.
In the analysis and evaluation phase, it is necessary to define new tools, that can
quantify the controllability or the sustainability.

Notation

Roman symbols

differential equations
algebraic equations
objective function
inequality constraints
inputs

state variables
algebraic variables

S O R S I

Greek symbols

0 disturbances
o design variables
1) uncertain parameters
Subscripts
0 nominal value
tThis thesis

tThe upcoming thesis by Gijsbert Korevaar
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c continuous variables
d discrete variables
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Integration of design and con-
trol, an assessment

This chapter gives an overview of the literature on integration of process design
and control system design. Available methods are classified into two classes: an-
ticipating sequential design and simultaneous design. Both classes are discussed
extensively. The limitations of the existing approaches are identified. One of the
main limitations is that all available methods can only analyse the controllability
of given process alternatives. No clues are given on how to generate alternatives
with improved controllability. Based on this discussion a refined problem defini-
tion for further research is presented.
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3.1 Introduction

In the previous chapter an overview of conceptual process design methodologies
was presented. Once a process is operating, it will however always operate with
a control system installed. During the last decades chemical processes have be-
come increasingly complex. Ogunnaike (1996) mentions the following three rea-
sons that have led to this increasing complexity:

e the continuous drive for more consistent attainment of high product quality,
e more efficient use of energy,
e tighter safety and environmental regulations.

Moreover chemical processes are considered to be part of a supply chain (Backx
et al., 1998) leading to increasing operational requirements.

Traditionally there is a three step approach. First the operational policy is
determined, then the process is designed. Finally the control system is designed
as an add-on to the process. So the control system design only starts once the
main features of the process have been established. When no control system with
an acceptable performance can be designed for the process, the process design
needs to be modified, leading to iterations between the process design and the
control system design. Obviously these iterations are undesirable since they cost
time and money. Especially since the need for modifications is sometimes only
noticed after construction of the system, during start-up. Figure 3.1 shows this
approach schematically. The disadvantages associated with this approach have
led to the need to consider the inherent control limitations of the process from
the earliest phases of the design process on.

Integration of design and control is certainly not a new topic. The first paper
on this topic was published in 1943 (Ziegler and Nichols, 1943). There it is stated

/ \

process control system

; \ design / \ design /
\ /

;‘

) _design modification . .
Figure 3.1: Traditional sequential approach in design .
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that:

”...it is important to realize that controller and process form a unit;
credit or discredit for results obtained are attributable to one as much
as the other.”

They also give a definition of controllability:

[Controllability is] the ability of the process to achieve and maintain
the desired equilibrium value.

This definition is in line with the modern definition presented by Skogestad and
Postlethwaite (1996):

(input-output) controllability is the ability to achieve acceptable control
performance that is, to keep the outputs within specified bounds or
displacements from their references, in spite of unknown but bounded
variations, such as disturbances and plant changes, using available
inputs and available measurements.

One should note that this controllability concept is completely different from
the state controllability concept introduced in the 1960s, and nowadays widely
used in the systems theory. The difference between these two concepts is clearly
illustrated by Skogestad and Postlethwaite (1996).

The first industrial problem related to controllability that appeared in the
open literature is due to Anderson (1966). This problem deals with feed-effluent
heat exchanger that was designed improperly. The energy recycle led to posi-
tive feedback that destabilized the system under certain operating conditions. A
complete redesign was required to run the plant at its design capacity. Verwijs
(2001) has presented some recent examples of industrial problems related with
design and control. Unfortunately, the majority of problems in this field, faced by
industry is not available in the open literature, mainly because of confidentiality.
In the academic world integration of design and control is a very active research
area. Van Schijndel and Pistikopoulos (2000) give over 500 references related to
this topic. Perkins (1998) even called integration of design and control "the holy
grail of process systems engineering”.

An implicit assumption in the work on integration of design and control is
that the operational policy has already be choosen; almost always continuous
operated steady-state processes. In principle however also different operational
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modes are possible, e.g. (semi)-batch processes or periodic processes. Therefore
ideally the following three aspects should be considered: the operational policy,
the process and the control system. In this thesis the processes considered are,
unless otherwise stated, steady-state continuous processes.

In this chapter an overview of the literature available related to the interac-
tion between process design and process control will be presented. First some
general background information will be presented. Then the fundamental lim-
itations to the achievable closed-loop performance will be identified. This will
be followed by a discussion on the available approaches towards integration of
design and control. The chapter will end with a refined problem formulation.

3.2 Inherent limitations on the closed-loop per-
formance

Despite the large research effort in integration of design and control, almost
no effort has been put in identifying the fundamental reasons for controllability
problems. In order to identify these problems, let us first present a generic model
of a closed-loop system. It is assumed that the system is a square continuous time
system without constraints. The closed-loop behaviour of any process system
is determined by a combination of the process, the measurement system, the
control system and the actuators. Figure 3.2 shows a typical representation of a
generalized closed-loop system, containing all these elements. For a single input
single output system, the closed-loop transfer function in the Laplace domain is
then given by:

Gy (5)Ga(5)Gels) :
ysp(s) + 1+ GP(S)GLL(S)G((S)G"”(S)

V) = G, (5)Ga(5)Gul) G () d(s), @1
where G,(s), Gq(s), G.(s) and G,,(s) are the process, actuator, controller and
measurement transfer function respectively, y(s) are the controlled variables, y,,
are the set-points and d(s) are the disturbances.

An often made assumption is that the dynamics of the measurement system
and the actuators are neglected. This leads to the simplified version of equation

3.1:
Gp(s)Gel(s) 1
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Figure 3.2: Typical closed-loop process system.

Note that this ignores the fact that especially composition measurements can
have large time delays and sampling intervals .

Based on this closed-loop transfer model Morari (1983) identified the inher-
ent limitations of the process on the closed-loop behaviour of the system. He
introduces the concept of perfect control for this. The open-loop system can be

represented by:
y(s) = Gp(s)u(s) + d(s). (3.3)
where u(s) are the manipulated variables. The system is perfectly controlled if:
y(S) = ysp(8)7 v d(S),ysp(S)- (3.4)
This requires that:
u(s) = G5 (5)(y(s)sp — d(s)). (3.5)

Hence perfect control requires that the process transfer matrix can be inverted.
In order to be implemented the inversion should also be realized in physical
reality. All aspects limiting this inversion, or the realization of this inversion are
inherently controllability limitations. Morari (1983) showed that the following
aspects limitations for invertibility:

e time delays

e right half plane zeros
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e manipulated variable constraints

e model uncertainty

Time delays Ifthe elements of G(s) contain time delays, the elements of G~1(s)
will contain predictive elements. Obviously this cannot be realized. Hence time
delays are inherent controllability limitations. A more detailed discussion of time
delays (in multivariable systems) is given by Holt and Morari (1985b).

Right Half Plane zeros When the transfer function G(s) is inverted the zeros
of G(s) become the poles of G~!(s) and the poles of G(s) become the zeros of
G~1(s). When G(s) contains right half plane zeros, G~!(s) will contain right half
plane poles. Hence G~! will not be stable. Therefore right half plane zeros are an
inherent limitation on the controllability. For multivariable systems one should
however look at the RHP-transmission zeros (Holt and Morari 1985a)

Manipulated variable constraints The required values of the manipulated
variables are given by equation 3.5. However these values could be well out of
range. This then leads to saturation of the inputs. So this saturation of input
variables is another controllability limitation.

Model uncertainty The expression for perfect control, equation 3.5 assumes
that the system transfer function G(s) is known. A mismatch between the real
process and the transfer function G(s) will lead to deviations from perfect control.
This is also clearly illustrated with the concept of Internal Model Control (Garcia
and Morari, 1982). Figure 3.3 shows the internal model controller for the plant
G. The model of G is G. The system G, is the invertible part of G. The closed-loop
transfer function is then given by:

y(s) = G- Ge(I+ (G — G)Ge) Hysp — d) + d. (3.6)
So a condition for perfect control is that the plant model fully matches the plant:

G=0G. (3.7)
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Figure 3.3: Internal model controller.

3.3 Current approaches towards integration of
Design and Control

Various different approaches are available for the design of the process and the
control system. Lewin (1999) classifies the different approaches in three classes:

e Sequential design of the process and the control system.

e Anticipating sequential design with screening of alternatives using control-
lability indices.

e Simultaneous design of the process and the control system.

The first class is the traditional sequential approach (Figure 3.1) of which the
disadvantages have been already introduced. The other two classes will now be
discussed.

3.3.1 Anticipating sequential approaches

The basic idea of the anticipating sequential approaches is that still a certain
decomposition exists between process design and control system design. How-
ever, in the process design phase one already takes into account that the systems
needs to be controlled later on. In the process design phase the control objectives
are established and the manipulated variables are identified. In the next step the
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open-loop behaviour of alternative designs are analysed using controllability in-
dices. These indices should reduce the iterations between the process design and
the control system design, as shown in Figure 3.4. A large number of controlla-

— - — = — — - ———

Vs ~ // ~
\ \
process control system
\ design 1 \ design 1
\ /

design modification

Figure 3.4: Modified sequential design approach.

bility indices is available in the literature. The majority of these indices is based
on the static gain matrix. The static gain matrix is simply the transfer function
G(s) at steady-state, so G(0). Some of the most often used indices are the Relative
Gain Array, RGA (Bristol, 1966), the condition number, the minimum singular
value, the closed-loop Disturbance Gain, CLDG (Skogestad and Postlethwaite,
1996) and the Relative Disturbance Gain, RDG (Marino-Galarraga et al., 1987).
All these indices are only applicable on linear static systems.

There are however from a process design perspective a number of disadvan-
tages associated with these indices. Morari and Perkins (1995) have stated that:
what is ultimately of interest is the closed-loop behaviour of the system once it
is operating and subjected to disturbances. However, the relation between these
controllability indices and the closed-loop behaviour is often unclear. What does
it mean that “the minimum singular value of a (properly scaled system) equals
1?” when a design is being made.

An additional limitation is that it might be impossible to compare process
design alternatives of different dimensionality. Compare for instance a single
CSTR or two CSTR reactors in series. As shown in Figure 3.5 the single CSTR
has two manipulated variables and two controlled variables. The two CSTR in
series have three controlled and manipulated variables. However, comparing the
condition number of a 2*2 matrix and a 3*3 matrix is physically not relevant .

In addition it is not clear how the controllability inidices are related to the
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MV1
MV1
- a—
MV2
MV2 MV3
CV:Tc CV:T CV:T.c

Figure 3.5: Single CSTR and two CSTRs in series.

overall process economics.

Some attempts have been made to extend these indices to the frequency do-
main. Then the indices can be calculated as a function of the frequency. This
leads, however, to several difficulties:

1. The indices are sometimes no longer uniquely defined.
2. The frequency domain has limited applicability for chemical process design.
3. Some indices presume on unrealizable controllers.

These three arguments will now be discussed a in detail.

1. For the frequency dependent controllability indices the process transfer ma-
trix G(s) is used with s = jw. For some of the indices this leads to indices
containing complex elements. In order to interpret the indices some ’tricks’
are used to obtain indices with real values. Take for instance the Relative
Gain Array. The frequency depended RGA is defined by:

RGA(jw) = G(jw) Q) Gjw)

where ) indicates element by element multiplication. The resulting RGA
matrix contains complex elements. Several alternative ways have been pro-
posed to convert these for interpretation purposes to real elements. Seider
et al. (1999) for example, propose to take the magnitude of one element and
then use the property that the sum of elements in a row or column is 1, to
find the other elements in the matrix. This might work for a 2*2 system,

1T

(3.8
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but the results now depend strongly on the selected element from which the
magnitude is taken. In Chapter 5 an alternative method is introduced.

2. The frequency domain stems from the systems and control community. It
has however never been embraced by chemical engineers, especially not by
those working outside academia. The key limitation of the frequency do-
main is the linear additivity of such transformations, while chemical pro-
cesses have non-linear features.

3. Indices that require the inversion of the transfer matrices assume perfect
control. In section 3.2, the limitations for perfect control were already pre-
sented.

An alternative method more tuned to the needs of chemical process designers
has been presented by Seferlis and Grievink (1999). This method can easily cope
with non-square systems, non-linear systems and constraints. Their approach
essentially involves the following:

Given:

e a static process model,

e a set of controlled variables,

set points for the controlled variables, y,,,

a set of manipulated variables,

e nominal values of the manipulated variables, ug,
e process constraints,

e a static disturbance, d,

such that the setpoints and nominal values for the manipulated variables satisfy
the process model for zero valued static disturbances,
Find:

e the minimum combined deviation of the nominal values of the manipulated
variables and the set point violation of the controlled variables.
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This minimum combined deviation can then be used as controllability index.
Mathematically this can be formulated as:

min 0= (y = ysp) Wy(y = Yep) + (u — u0)" Wa(u — o)
st:0 = f(z,z,u,d,0)
0 = g(z,z,u,9,0) (3.9)
Yy = h(m,z)
0 < k(z,zu,d0)

where u are the manipulated variables, y are the controlled variables, x are the
state variables, z are the algebraic variables, § are the disturbance variables, o
are the design variables, I, and W, are weighting matrices allowing a trade-off
between set-point deviation and manipulated variable action, f are the differen-
tial equations, ¢ are the algebraic equations, i are the output equations, and &
are the inequality constraints.

Compared with the static gain matrix based indices this approach has sev-
eral advantages. The most important advantage is that the physical meaning of
this index is clear and relevant for some control purposes. In addition, the sen-
sitivity of the index 6 with respect to the model constraints are obtained when
solving the optimization problem from the Kuhn-Tucker multipliers. Moreover
this index can be applied to a large set of alternative process models, without
tight requirements with respect to the dimensionality of the alternatives. This
method however, only gives information about the static disturbance sensitivity.
Extensions that included dynamics would be desirable.

3.3.2 Simultaneous approaches

In chapter 2 a mathematical formulation was given for the design of a process
system. This formulation can be extended to a formulation including the control
system design and the relevant disturbance scenarios. This is the basis of the
approaches for the simultaneous design of the process and control system. Figure
3.1 is now updated to Figure 3.6. Mohideen et al. (1996) and Bansal (2000)
formulate the problem as follows:
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\ design

Figure 3.6: Simultaneous design of the process and the control system.

Problem P1:

Given:
e a process model,
e a set of constraints for feasible plant operation,

e a disturbance scenario,

a model describing the uncertainty in the system,

a superstructure describing the potential unit operations and their connec-
tivity,

e a superstructure describing the potential control configurations.

a set of control objectives and types of controllers,

cost data for the equipment, operating costs and controller costs and
e a finite time horizon,
Find:

e the process design and control scheme with minimum annualized cost while
ensuring feasible operation over the entire time horizon under the specified
uncertainty.

In Appendix A a mathematically formulation of this problem is given, together
with an outline of an algorithm for solving this problem. A strong point of the
simultaneous approach is that it takes economics and dynamics into account in
the overall objective function. The practical limitations are threefold:

e The definition of a suitable superstructure requires strong fundamental in-
sights in both process design and control.
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e It requires rather detailed dynamic process models that might not be avail-
able at the beginning of the design process or are anyway too expensive to
be made;

e The ensuing mixed integer, non-linear dynamic optimization problem (MIDO)
can be computationally extremely demanding.

Given the current state-of-the art in computing and modelling this method is
believed to be excellent for improvement of critical sections or units in a process
design once some design options have been established. It seems less suitable for
the initial stages of design.

There are two differences when problem P1 is compared to the superstruc-
ture optimization presented in chapter 2. Firstly this optimization problem is a
dynamic optimization problem whereas the problem defined by equation 2.3 is a
static optimization problem. Secondly the extended superstructure in this prob-
lem also contains the controller superstructure. Therefore this problem is much
more difficult to solve than the problem defined by equation 2.3.

3.4 Refined problem formulation

For the remainder of this thesis we will focus, unless otherwise stated, on the an-
ticipating sequential design of the process and the control system. When we look
back at the basis cycle of design, introduced in Chapter 2, we see that all current
approaches for integration of design and control are aimed at the analysis phase.
Contributions for the synthesis and evaluation phase are lacking. So, the first
objective of this work is:

Investigate how the controllability can be included in the synthesis
phase, exploiting physical principles and models.

Although a large number of controllability indices is available, there does not
seem to be a clear and consistent method for controllability analysis. The second
objective for this work is:

Develop a consistent approach for the controllability analysis from a
chemical process design perspective. A clear relation with the physical
phenomena and economics should be established

The third objecitive is:

37



Chapter 3

Test the newly developed synthesis and analysis tools on a relevant
innovative process

As briefly mentioned before, ideally the operational policy is also explicitly in
the integrated design problem. The final objective is a first step towards this full
integration:

Integrate the designs of the operational policy and the process for a
periodically operated continuous process.

Notation

Roman symbols

disturbances
differential equations
algebraic equations
transfer function
output equations
inequality constraints
manipulated variables
Laplace variable
weighting

state variables
controlled variables
algebraic variables

Subscripts

nominal value
actuator

controller
measurement

process

Sp set-point

manipulated variables
controlled variables

@SQQO

< g
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Controllability in the synthe-
sis phase

All currently available controllability tools are aimed at analysis of controllabil-
ity of given process alternatives. In this chapter a new approach is developed:
Thermodynamic Controllability Assessment (TCA). One specific part of controlla-
bility, disturbance sensitivity, is included in the synthesis phase. The microscopic
theory of non-equilbrium thermodynamics is extended to a macroscopic descrip-
tion, leading to an explicit appearence of design variables. Using the passivity
concept this leads to design guidelines from a controllability point of view. The
approach is still limited to systems with a single dominant flow and force. The
TCA approach will be demonstrated using heat exchanger systems and distilla-
tion systems as examples.
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4.1 Introduction

In this chapter one of the aspects of controllability, disturbance sensitivity, will
be included into the synthesis phase. In order to include the controllability in
the synthesis phase, one needs to have insight in how the internal structure of
a non-equilibrium process affects the controllability. The inner working of a pro-
cess is determined by a set of interacting rate processes associated with ongoing
physico-chemical phenomena. The framework of irreversible thermodynamics is
the fundamental theory describing these rate processes in terms of rates, driving
forces and geometric parameters such as volumes and surfaces. Therefore this
theory is an appropriate fundamental starting point for dealing with controlla-
bility.

Recently some work has been done on the connection between process control
and irreversible thermodynamics. Ydstie and coworkers have focused on the
stability of process systems, e.g. Ydstie and Viswanath (1994) and Farschman et
al. (1998). They use a storage function, related to the exergy function for their
analysis. Tyreus (1999) has used thermodynamics to select control variables for
partial control strategies. However we are not aware of any work in the field of
process design for controllability using irreversible thermodynamics.

In this work aspects of three different scientific fields will be combined: pro-
cess design, non-equilibrium thermodynamics and systems theory. The result-
ing theory is called Thermodynamic Controllability Assessment, TCA. Figure 4.1
shows how these are combined. The presentation of the TCA in this Chapter fol-
lows this structure. In section 4.2 the modelling framework based on irreversible
thermodynamics will be presented. Section 4.3 will show how this framework
can be used for process design, enabling a formal link between process design
and non-equilibrium thermodynamics. Section 4.4 elaborates on the work of Yd-
stie and coworkers on passivity of process systems. It will be shown how the pas-
sivity is related to non-equilibrium thermodynamics. Their stability results will
be extended to disturbance sensitivity. It will then be shown how these results
can be used during the synthesis phase of the process design procedure to end up
with processes that have improved controllability characteristics. Throughout
the chapter two examples will be used to illustrate the ideas: a heat exchanger
and a distillation column. An application to the design of chemical reactors for
the Fischer Tropsch synthesis is covered in Chapter 6.
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Process design for controllability using
irreversible thermodynamics

TCA Approach

Figure 4.1: Relation between the different competence fields.

4.2 System Description

4.2.1 General dynamic system model

Dynamic systems can be represented as a network of lumped parameter systems.
We consider systems of which the dynamic behaviour can be described in terms
of the following Differential Algebraic Equation (DAE) model:

T = f(:c,z,u,5,0,¢),
0 = gl u0.0,0), @1

with x the states, z the algebraic variables, u the inputs, ¢, the disturbances, o the
design variables, ¢ the uncertain parameters, f the differential equations, g the
algebraic equations. The design variables include both discrete and continuous
design variables. In this Chapter it will be assumed that value of the uncertain
parameters equals their nominal value. Hence these parameters can be excluded
from our analysis. It is assumed that all functions f and ¢ are continuous with
respect to each argument, except the discrete design variables. Extension to
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Partial Differential Algebraic Equation (PDAE) models is straightforward, but
for clarity this is not considered.

A large class of alternative systems can be represented with the model for-
mulation of (2.1). However this formal model structure does not reveal the inner
working of the system. For the synthesis phase the internal physical structure
must be exploited. Therefore we will now zoom in to a smaller class of systems:
process systems (Ydstie and Alonso, 1997).

4.2.2 Inventory based system description

A more specific description of these systems will be derived based on thermody-
namics that is in line with the one proposed by Farschman (1998), using inven-
tories. An inventory, V, for system S, is a nonnegative function of the state, such
that if s; is the state of system S; and s, is the state of system S, the inventory
of the combined system S is given by:

V(s) = V(s1) + V(sa). (4.1)

Equation (4.1) defines inventories to be extensive variables. Typical inventories
are energy, exergy, total mass and molar amounts. For the densities of the inven-
tories, v, the general (micro)balance for a (homogeneous) element with a fixed
position in space is given by:

ov(s)
ot

=p(s) + J(s,u,d,y), (4.2)

with v the density of the inventories, p the production of an inventory per unit
volume and J the net flux of the inventory. The convention that J > 0 implies
flow into the system will be used. The flux term can further be divided into a
convection term, J.,, a conduction term, J.; and for energy balances a radiation
term, J,.;. However this radiation term can generally be neglected, leading to the
generic form:

dv(s)

ot

Now expressions for the terms in equation (4.3) will be derived.

In the theory of non-equilibrium thermodynamics (De Groot and Mazur, 1969)
all physico-chemical processes can be described by a combination of driving forces,
X, and fluxes, J. Table 4.1 gives an overview of the typical driving forces occur-
ring in chemical processes. Note that there is a difference between the heat

=p(s) + Vdey + Vea 4.3)
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conduction, diffusion and electrical conduction on the one hand and chemical
reaction on the other. This latter is a scalar quantity whereas the others are
vectorial quantities.

Sufficiently close to thermodynamic equilibrium the relation between the fluxes
and forces can be described by linear relations with phenomenological constants,
L:

Ji = L Xy + Lo Xo+...+ L1y X,
. . (4.4)
Jn - Lanl + L712X2 +...+ Lnan

The off-diagonal elements in 4.4 imply that a driving force for one state variable
can lead to a flux of another state variable. All the individual phenomenological
constants can be put into the phenomenological constant matrix, £. Onsager
(1931) proved that this matrix is positive semi-definite and that the following
condition holds:

L=r" (4.5)

The cross-effects, described by the off-diagonal elements, are especially impor-
tant for systems in which multi-component mass transfer takes place. Cross ef-
fects between scalar and vectorial effects are impossible. The entropy production
in the system is given as a function of the fluxes and driving forces:

Table 4.1: Physico-chemical processes and their flows and forces.

Process Flow Force
1
Heat conduction Energy flow V?
Diffusion Mass flow —Vit
. . . A
Chemical reaction Rate of reaction T
Electrical conduction | Electrical current —V%
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We now have a set of equations describing the inner structure of a process
system. The state variables z of equation 2.1, are chosen to be the inventories
v, including the component hold-ups, the energy hold-up and the entropy hold-
up. The driving forces, X, the flows, F' and the production terms are part of the
algebraic variables, z.

4.2.3 Macroscopic system description

Up till now only a microscopic system description was considered. It will now
be shown how this can be extended to a macroscopic description in order to be
directly applicable for typical process systems. For clarity, macroscopic driving
forces will be indicated by X.

Equation 4.3 is integrated over the system volume, V, that is time indifferent:

/V// %dv = /V//pdvnt/v/ VchdV—i-/V//VvadV (4.7)

Application of both the Gauss theorem and the Leibniz theorem leads to:

%///vdV:/]/pvar// chdAJr//vadA’ (4.8)
14 1% A A

where A is the area of the surface surrounding the system. The parts of this
area through which convective fluxes and conductive fluxes flow are called re-
spectively A., and A.4. The total hold-up, V, is defined as:

VY= /// vdV, (4.9)
%

and the total production, P, as:

P = ///pdV (4.10)
v

When it is assumed that the fluxes are uniform over the respective surfaces,
equation (4.8) can be reduced to:

ay
E :P+ZACdJCd+ZACUJC’U (411)

44



Controllability in the synthesis phase

where P is the total production in the system. The summation is carried out over
all conductive and convective surfaces.
A net conductive (vectorial) flow to the system is now given by:

ch = Achcd = AchX (4.12)

Besides these vectorial flows, scalar flows also contribute to the entropy produc-
tion. For scalar flows A.4 should be interpreted as a volume. The most relevant
scalar flow is the production of a chemical species. The flowrate is the reaction
rate, driven by the chemical affinity.

At this point it is pertinent to note that with the introduction of geometric
variables, the necessary degrees of freedom in process design are appearing. For
the remainder it is convenient to introduce a new variable, K, which is the prod-
uct of the phenomenological constant L and the relevant geometric variable. So
for vectorial processes K is defined as:

K =LAy (4.13)
and for scalar processes K is defined as:
K=1LV. (4.14)

This variable is called the thermodynamic design factor. The reason for this will
become clear in section 4.3. This leads to the following linear relation between
the driving force and the flow:

F,=KX (4.15)

Now a macroscopic expression of the entropy production as a function of the
macroscopic flows and forces is derived form equations 4.6 and 4.10. First a
distinction is made between the vectorial and the scalar processes contributing
to the entropy production:

ps = Z Jea,i Xi + Z Jr i X;. (4.16)

vectorial scalar

So equation 4.10 can be rewritten as:

P:/// > ch,iXﬁ/// > T X (4.17)

vectorial scalar
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For the vectorial processes X; can be rewritten as VY; leading to:

Y JeaiVVi= > V(JeaiVi) = YiViea, (4.18)

vectorial vectorial

The second term on the right hand side of equation 4.18 can be neglected as a
second order effect. Application of Gauss theorem leads to:

/V// Z V(ch,ﬂ/;)dv:é/ Z Jea,iYida (4.19)

vectorial vectorial

For a homogeneous system the following holds:

J[ X guvida= ¥ saavia (4:20)
A

vectorial vectorial

where AY; is the macroscopic driving force, also written as X;
For the scalar processes the expression > J,.,;X, can directly be integrated.

scalar

For a homogeneous system this leads to:

/// o JiXp= Y ViIX;. (4.21)
|4

scalar scalar

So the entropy production in the system is directly related to the flows and forces
according to:
Ps= Y  FEX. (4.22)
vectorial,scalar
The driving forces defined in Table 4.1 are based on a microscopic description.
This should be extended to a macroscopic description in order to be directly ap-
plicable for typical process systems. This will be done for the two examples that
will be used throughout this chapter; a heat exchanger and a binary distillation
column.

Heat exchanger Consider the system shown in Figure 4.2. The system is a
heat-exchanger with two streams. The system consists of three phases, two fluid
phases and a solid wall where the heat transfer occurs. The fluid phases are
assumed to be ideal mixed, Moreover it is assumed that only the heat conduction
contributes to the entropy production and that the phenomenological coefficient

46



Controllability in the synthesis phase

for heat transfer is independent of the temperature in the temperature range
considered. The temperature of the solid wall is distributed in the 1-direction
only, as shown in Figure 4.2. Now an expression for the heat transfer between
the two fluid phases, through the solid phase will be developed. Through the
surfaces Al.1, A1.2, A2.1 and A2.2, convection dominates, through the surfaces
A1.3 and A2.3 conduction dominates. So the heat between the two fluid phases
is transferred through conduction only. The (steady-state) energy balance for the
fluid phases are given by:

0= Ay3Jca+ Ar1Jdeor,in — Ar.2dco1,0uts (4.23)
0= A2.3ch + A2.1va2,in - A2.2va2,out~ (424)

For the solid phase, a steady-state energy balance is constructed for a slice in the
m-direction, parallel to the areas A; 3 and As 3:

1
- Achthermalvf (425)

m=m m=m-+dm

1
0= 14chifhe'r‘7nalV ?

where A4 is the conduction area. The corresponding boundary conditions are:

T| _o="Tiout: (4.26)

m=0

I:1,in Al (b Al.2 I:1,out

— _
T,. T
15in A1.3 fluid phase 1 1,0ut
m=0 -
conductive
l current l solid phase
m=m,
A2.3 fluid phase 2
l:2 in F2,out

— —
Tain A2.1 q) A2.2 T2 out

Figure 4.2: Schematic representation of the heat exchange system.
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and

T| =T out- (4.27)

m=mi

Integration of equation (4.25) with the boundary conditions leads to:

Lthermal < 1 1
T2,out Tl ,out

F=A.q

> = Ay3Jca = Az3Jcq- (4.28)
my

So the macroscopic driving force for heat transfer is:

— 1
Xthermal =A—

T (4.29)

where Al indicates the difference of inverse temperatures between the two
phases. For this system the thermodynamic design factor, K, the flow and the
total entropy production are given by:

K = Acd Lth,ermal

) (4.30)
my
1
F— KA (?) , (4.31)
and
1 2
Ps — K (AT> | (4.32)

We now showed how a heat exchanger can fully be represented in a macroscopic
non-equilibrium thermodynamic framework. This example will be used later in
this Chapter to demonstrate the application of non-equilibrium thermodynamics
based disturbance rejection in process synthesis.

Distillation In Figure 4.3 a schematic representation of a distillation column
and a single tray is shown. The single tray consists of two fluid phases; a liquid
phase and a vapour phase. Both phases have three interfaces. Through the
surfaces Al.1, A1.2, A2.1 and A2.2, convection dominates, through the surfaces
A1.3 and A2.3 conduction dominates. The conductive mass flow originates from
the molar driving force. In this example the mass exchange will be considered
to be the key contribution to the entropy production. All other contributions are
ignored. The steady-state mass balances for the vapour and liquid phase are
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Figure 4.3: Schematic representation of the distillation system.

given by:
0= / chds + FL,n+1Xn+1 - FL,nX'm (433)
A1
0= / _chdS + FV,n—lyn-i-l - FV,nyna (434)
A3

where F;, and Fy are the liquid and vapour flows on the trays, and z and y
are the liquid and vapour mole fractions. The microscopic driving force for the
conductive flow is given by:

Xdiffusi,(m = v% (435)

In order to determine the conductive flow between the two phases, detailed infor-
mation is required about the flow pattern on the trays. De Koeijer et al. (1999)
proposed to determine the molar driving force on a tray as the average between
the forces at the inlets and the outlets of the tray. This would imply that the
molar driving force on tray n is given by:

1 1
v 5 5y —
Xmolar’n 2 (,Ul,n+1 Nl,n) 3 (ﬂv,n 1 ,uv,n) (4.36)
T,
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The outlet vapour and liquid flow are assumed to be in thermodynamic equilib-
rium, p;, = fyn. S0 the average driving force on the tray is only a function of
the chemical potential of the incoming vapour and liquid chemical potential:

> (,Ul,n—i-l - ,LL’U,TL—l) (4.37)

Xmolar,n - 2T
n

Summation of the driving forces over all trays from the bottom tray to the top
tray leads to the expression:

o o ,U/l,top + ﬂl,topfl Nv,bottom + Nv,reboiler

Z XmOlllT‘,n B Ttop Tbottom (438)
where i 10p is equal to the chemical potential of the top product in the liquid
phase, 11 top—1 is equal to the chemical potential of the top product in the vapour
phase, 1, pottom 1S equal to the chemical potential of the bottom product in the
liquid phase and (i, reboiter 1S equal to the chemical potential of the bottom prod-
uct in the vapour phase. Hence the overall driving force is a function of the top
and bottom composition only.

The conductive flow on a tray is given by:

Fn = / LXdS = AllgLX. (439)
A1z
The surface is proportional to the reflux rate in the column:
R
A= Aminm (4.40)
with A,,;, the surface for a column operating at minimum reflux, R the reflux
rate and R,,;, the minimum reflux rate. So the total convective flow is:

F=K </f"top . ,ubottom) (441)
Ttop Tbottom

The thermodynamic design factor and entropy production are now given by:

R
K=A,in—0L 4.42
Rmin ( )
and )
Htop Hbottom
Po=K — (4.43)
s < Ttop Tbottom, )

We now showed how a distillation system can fully be represented in a macro-
scopic non-equilibrium thermodynamic framework.
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4.2.4 Distributed systems

Up till now only ideal mixed systems were considered. However a large number
of process systems are distributed systems, e.g. tubular reactors, heat exchang-
ers and packed distillation and absorption beds. It will be shown how the local
driving force can be integrated to obtain an average driving force. These average
driving forces can then be used in the analyses. Let us consider again a heat
transfer process. Figure 4.4 shows again a heat exchanger, but now with a tem-
perature gradient in both fluid phases in the n-direction. The flux at position n
is given by:

Jn = LX|, (4.44)

The flow increment at this point is given by the product of the flux and the area:

dF |, = J|madn, (4.45)
where a is the exchange area per unit length. The total flow can be found by
integrating the local heat flow over the n-direction:

nl
Ftotal - /F‘ndn (446)
n0

The average driving force, X , is defined as:

nl

X = L /an (4.47)
nl —n0
n0

So the total flow in the system is given by:
Ftotal - KX (448)

So for a distributed system equation (4.15) should be replaced by equation (4.48).

4.3 Process Design, an approach based on non-
equilibrium thermodynamics

In Chapter 2 the difference between the synthesis step and the analysis step
was already briefly discussed. In the synthesis step all input parameters and

51



Chapter 4
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Figure 4.4: Schematic representation of the distributed heat exchange system.

|
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Figure 4.5: Difference between synthesis and analysis, taken from Doherty and
Malone (2001).

the desired performance at the output side are given. The unit for the desired
transformation needs to be determined. In the analysis step all input parameters
and the unit model are given and the behaviour of the system can be analysed.
A combination of the physico-chemical conditions and the geometric properties
of the system determine this behaviour. The difference between synthesis and
analysis is also illustrated by Figure 4.5, taken from Doherty and Malone (2001).
In this section it will shown how the non-equilibrium thermodynamic framework
can be used in the synthesis phase of conceptual process design.
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Intermezzo, Degrees of Freedom

A central concept in the synthesis phase is the concept of degrees of free-
dom (Sinnott, 1993). The degrees of freedom, DoF’, are given by:

DoF = #variables — #(independent) equations

Besides the behaviour equations some variables are given as fixed inputs
variables. These fixed inputs describe inlet conditions of streams enter-
ing the system. Another class of variables are the design targets. Exam-
ples are the outlet temperature of a stream leaving a heat exchanger and
the composition leaving a reactor system. The design degrees of freedom,
DDof, are now defined as:

DDof = #variables — #(independent) equations
— #fixed inputs — #design targets
Three different situations can now be discriminated:

e DDof = 0, there is usually one, unique solution (more if the model
allows for multiplicity) to the problem. Hence the problem is not a
true design problem.

e DDof < 0, the problem is over defined. There is either one, trivial
solution, or the problem is inconsistent.

e DDof > 0, there is an infinite number of alternative solutions. This
represents real design problems.

So the essence of design problems is that there are design degrees of free-
dom left such that design choices can be made
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4.3.1 Heat exchanger

Let us consider again the heat exchanger shown in Figure 4.2. The energy bal-
ances for the two fluid phases are given by:

0=—-F., + (chpCpT)Lm — (chpcpT)l’out , (4.49)
0=F. + (chpcpT)z,m — (chpcpT)Z(mt . (4.50)
with:
Fop = Avsl ( ! ! ) (4.51)
cv 1.3Lthermal Tl,out T2,out .

The mass balances for the two fluid phases are given by:
0= chl,in - chl,out (452)
0= ch2,in - ch2,out (453)

A degree of freedom analysis will now be performed. For simplicity the density,
the heat capacities and the phenomenological coefficients are assumed to be in-
dependent of the temperature. The system contains the following ten variables:

e 4 temperatures,
e 1 conductive flow,
e 4 convective flows,
e 1 area.
The system contains the following five equations:
e 2 energy balances, eqn (4.49) and (4.50)
e 2 mass balances, eqn (4.52) and (4.53)
e 1 relation for the convective flow
In addition there are three fixed inputs:
e 2inlet temperature specifications: T} ;n, 75 in,
e 1inlet flow specifications: F.41 in,

and one design target:
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o 1 design target: 17 1.
So the DDof is given by:
DDof =10—5-3—-1=1 (4.54)

This remaining degree of freedom can be removed by either fixing 75 o, or the
area. This choice defines the thermal driving force. Alternative designs of a
heat exchange system will have different values of 75 ,,; and will hence have a
different thermal driving forces in the system. However the total heat flow in
the system (=heat duty) is the same for all designs.

4.3.2 Distillation

We now go back to the distillation column, shown in Figure 4.5. Also for this
system a degree of freedom analysis will be performed. The assumptions for
this degree of freedom analysis are that there are only two components, and that
there is constant molar overflow (so the energy balance is neglected). The system
then contains the following 7n+1 variables, where n is the number of trays:

e n molar hold-ups

2n liquid mole fractions

2(n-1) vapour mole fractions
e n-2 liquid flows: Fp,
e n-2 vapour flow: Fy

o 1 reflux rate

1 vapour boil-up rate

2 product flow rates

2 feed properties: flowrate and composition
e 1 number of trays
The system contains the following 7n-4 equations:

e 2n component balances
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e n-1 VLE-relationships
e n-1 liquid flow relationships
e n-1 vapour flow relationships
e 2n-1 normalization conditions for the molar fractions
In addition there are two fixed inputs:
¢ 2 feed specifications: flowrate and feed composition
and two design targets:
e 2 product specifications
So the DDof is given by:
DDof=Tm+1-5n—-4-2-2=1 (4.55)

Specification of these compositions is equivalant to setting the specifications of
the chemical potentials at top and bottom and hence, to the driving force over the
column. Some mathematical manipulations will reveal that either the number
of trays, or the reflux rate still needs to be specified. Looking back at equations
(4.38) and (4.41) one sees all alternative designs will have the same overall driv-
ing force in the systems since this only depends on the two product specifications.
The total flow in the system will be different for different designs. It is related to
the design degree of freedom left. Hence distillation is a so-called force- specified
process.

4.4 Controllability, an approach based on non-
equilibrium thermodynamics

It was shown that process design can be described in the non-equilibrium
thermodynamic framework. In Chapter 3 the need for considering controllability
issues from the earliest phases of conceptual process design on was emphasized.
Now it will be shown how this can be done in this framework. First the results
obtained by Ydstie and coworkers on non-equilibrium thermodynamics and sta-
bility will be presented. Then these results will be extended to controllability
and the relation with conceptual process design will be established.
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4.4.1 Irreversible thermodynamics and stability

First the concept of Lyapunov functions will be introduced. A Lyapunov function,
Y (z(t)), is a positive scalar that depends on the system’s state. By definition, the
time derivative of a Lyapunov function is non-positive. Mathematically these
conditions can be described by:

o Y(x(t)) >0

o V(x(t)) <0

If it is possible to find a Lyapunov function for a dynamic system operating
around a state z*, z* is a stable state that is approached asymptotically.

The second concept is the supply rate. The supply rate, w, is a real-valued
function of the system inputs and outputs. It is assumed that w(u, y) satisfies:

t+7
/ |w(u, y)|dt < oo (4.56)
t

The system S is now said to be dissipative if there exists a nonnegative function
S of the states, called the storage function, such that forallu e U, x € X, t >0
(Willems, 1974):

t+1
Szt +71))—S=() < /75 w(u, y)dt, (4.57)

When energy is taken as the storage function, equation 4.57 should be inter-
preted as follows: the rate of energy increase in the system is not bigger then the
input power. Sepulchre et al. (1997) give the example of a potato in a microwave.
As long as the potato is not allowed to burn, the energy increase of the potato is
always less or equal to the energy supplied by the microwave.

It can easily be verified that for an unforced (w(u,y) = 0) dissipative system,
the storage function satisfies the conditions for a Lyapunov function:

e S(x(t)) > 0, this is satisfied by the definition of .S,
o S(x(t)) <0, this is satisfied since w(u,y) = 0 for an unforced system.

Hence the unforced system is asymptotically stable.

In order to study forced systems the concept of passivity is introduced. A
passive system is a dissipative system where the net supply of stored quantity
is a function of the measured outputs and manipulated inputs only (Luyben et
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al., 1999). The concept passivity originates from electronic circuit theory, where
passive components are e.g. resistors and capacitors.

Passive systems can be proven to be asymptotically stable because the dissi-
pative storage function is a Lyapunov function. So if an arbitrary dynamic sys-
tem can be made passive, the system can be stabilized. Ydstie and Alonso (1997)
have proven that for process systems a storage function exists that leads to a
passive system. We call this storage function the Ydstie function. This Ydstie
function is constructed from variables already available in the thermodynamic
description. It is given by:

Va(z) = Vp(z) — ToVs(z) + Va, (4.58)

where V4 () is the Ydstie function, Vg(z) is the energy and V4,(x) an constant.
An appropriate selection of V4, will guarantee that V4(z) > 0. In the notation
it is indicated that V4(z), Vg(z) and Vg(z) are functions of the state, z, of the
system. Note that the Ydstie function does not equal to the exergy function since
the exergy function is defined as:

Va(z) = Vi(z) — ToS(x) (4.59)

where B(z) is the exergy and H(x) the enthalpy.
The general inventory balance (4.2) for V4 (x) is given by:

dVa (.L)
dt

where ¢ 4 is the net flow of the quantity V4 and Tj is the reference temperature.
Since the energy is conservative, Pr(x) is always zero, leading to:

= ¢a+ Pr(z) — ToPs(z) (4.60)

dVA (CL‘)
dt

The effectiveness of using this storage function in distillation control has been
demonstrated by Coffey et al. (2000).

=oa(x) — ToPs(z) (4.61)

4.4.2 Non-equilibrium thermodynamics and control perfor-
mance

When the system is in a steady-state, equation 4.61 reduces to:

0= —T,Ps(z). (4.62)
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Now the system is exposed to a step change perturbation in ¢4, A¢gs. So the
system will move away from it’s original steady-state. The entropy production,
Ps, is a function of the state of the system. Hence Ps will change since the
perturbation in ¢4 leads to a change of the state of the system. The stability
results presented above teach us that eventually the system will go to a new
steady-state. Obviously also in this state equation 4.62 holds. When these two
steady-states are compared, we can define the difference in V4 (x) as AV4(z) and
the difference in Ps(x) as APg(x). Analogous to Luyben et al. (1999) a response

time, 7, is defined:
AVA (SC)

= T()APS (1‘)
From a controllability point of view it is now desirable that the response time is
small. The only factor in equation 4.63 that can be influenced by the design of
the system is APg(z). Since the response time decreases with increasing APg(z),
the design objective is to have a large influence on the entropy production rate.
In order to see how the design decisions influence the entropy production we go
back to the entropy production as described by equation 4.22. Let us consider
a system operating in steady-state. A departure from the steady-state will lead
to a change of entropy production. For small departures from steady-state the
following approximation holds:

(4.63)

APs=> XAF+Y AXF (4.64)

Since the flux and force are related as described by equation (4.4), this can be
rewritten to:
APs =) 2KXAX. (4.65)

Now one has to discriminate between the two types of systems earlier introduced:
flow-specified systems and force-specified system.

Let us first consider the flow-specified system. For these systems all alter-
native designs will have the same value of KX. Hence the difference in APg
between the alternatives is determined completely by the difference in AX. The
selection of either a large X or a small X depends on the relation between ¢ 4 and
X. For a design with a small nominal driving force, the disturbance, A¢ 4, will
have a much larger effect on the driving force then for a system with a bigger
nominal driving force. This can be illustrated with the heat transfer example.
Two alternatives will be compared. Both designs have a hot side temperature
of 350K. One design has a cold side outlet temperature of 340K, leading to a
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thermal gradient of 8.4.107°K ~!, the other design has a cold side outlet temper-
atures 300K, leading to a thermal gradient of 4.8.10*/K ~!. Now the temperature
of the hot side increases due to the disturbance in A¢ 4. When this temperature
increase is 1K, the thermal gradient of the first design will increase with 9.7%.
The thermal gradient of the second design will increase with only 1.7%. So the
design with the small driving force has a larger difference in the driving force,
and hence a larger effect on the entropy production. Hence for flow-specified
processes, a small driving force is desirable from a controllability point of view.

For a force-specified process all alternative designs will have the same value
for the driving force, X. The alternatives differ in K and AX. However anal-
ogous to the flow specified situation, we can conclude that the cange in X for
the alternative designs is relatively small since they all have the same nominal
value of X. Hence the difference in APg between the alternatives is mainly by
the difference in K. Alternatives with a large value of K will have a large effect
on the entropy production since K acts like a multiplier in equation 4.65. Hence
from a controllability point of view large flows are desirable for force-specified
processes. For the previously introduced distillation example this has the follow-
ing implications. Alternatives with a large reflux have a large value of K. Hence
these design alternatives will be more controllable then alternatives with a small
K. So for force specified processes a large flow is desirable form a controllability
point of view.

The analysis was based on a linear relation between the flow and the force.
Far from equilibrium this linear relation will not be accurate anymore. However
extension to this range will be possible using a first order Taylor series expansion
for the relation between the flow and the force.

4.5 Examples

Now two examples will be presented to demonstrate the application of the devel-
oped approaches. The first example is a flux-specified system: a heat exchanger.
Alternatives with different heat transfer areas will be compared. The second
example is a force-specified process: distillation. Alternatives with a different
number of trays will be compared.

In order to test the conclusions of the previous section, the results should be
compared with a traditional approach to analyse the controllability of given de-
signs. A large set of alternative controllability indicators are available, including
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the Relative Gain Array, singular value decomposition based methods. When se-
lecting the appropriate index, one should keep in mind that one wants to analyse
the disturbance sensitivity. Ideally the closed-loop regulating performance of al-
ternative designs is compared. Obviously the RGA and singular value decompo-
sition based indices are not suited for this. The disturbance sensitivity approach
of Seferlis and Grievink (1999) is proposed to be used. They analyse the steady-
state disturbance sensitivity within an optimization framework. For a specified
disturbance ¢ the following optimization problem is formulated. Given the pro-
cess model, the nominal steady-state value of the inputs (ug) and the controlled
variables (yg):

Hgn 0=(y— ysp)TWy(y —Ysp) + (u— UO)TWu(u — up)
st:0 = f(z,z,u,d,0)
0 = g(z,z,u,9,0) (3.9)
Yy = h(‘raz)
0 < k(z,z,u,0,0)

where 0 is the objective function and W, and W, are weighting matrices. Note
that the objective function of equation (3.9) is closely related to the LQG objective
function.

Heat transfer Four different designs of a heat exchanger are considered, two
co-current and two counter-current designs. All designs have the same duty. Ta-
ble 4.2 shows the design parameters of the different designs and the logarithmic
mean temperature differences. The driving force profiles are shown in Figure

Table 4.2: Alternative heat exchanger designs.
T AT

h,in Th,out Tc,in c,out

Design Flow mode

A counter-current 50 40 20 27 21.5
B counter-current 50 40 20 32 19.0
C co current 50 40 20 27 20.3
D co-current 50 40 20 32 16.6
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4.6. Based on the theory presented above, a smaller driving force should have
a positive effect on the controllability. This would imply that the ’best control-
lable’ design is D, followed by B, C and finally A. The output and manipulated

thermal driving force
EN CP (o] - N EN

o
[}

axial direction

Figure 4.6: Thermal driving force profiles.

variables were scaled for the disturbance sensitivity index, 6, such that a differ-
ence of 1°C in the hot stream output temperature is penalized equally as a 20
% difference in manipulated variable action. A disturbance of 1°C in the cold
temperature inlet was considered. Table 4.5 shows for the various designs the
disturbance sensitivity index and the average driving force. This Table shows
that the controllability is closely correlated with the average driving force. An

Table 4.3: Controllability results for distributed heat exchanger .

0

Design | Average driving force
A 1.00
B 0.88
C 0.94
D 0.77

0.109
0.091
0.106
0.079
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interesting observation is that this is independent of the flow configuration.

Distillation The distillation column example is based on the well known col-
umn A, introduced by Skogestad (1997). All alternatives are designed to have
a bottom composition of 0.01 and a top composition of 0.99. The feed stream is
a saturated liquid stream with a composition of 0.50. The phase equilibrium is
modelled with a constant relative volatility of 1.5. Alternative designs vary in
the number of stages but have the same sum of driving forces. For all alterna-
tives the feed stage is located in the middle of the column. Table 4.5 shows some
of the typical values belonging to the some alternative designs. Now the effect

Table 4.4: Alternative designs for Column A.

design 1 2 3 4 5

number of stages 29 35 41 47 53

feed stage 15 18 21 24 27
reflux ratio 12.26 | 6.96 | 5.41 | 4.72 | 4.37
sum of molar flows | 13.13 | 7.88 | 6.35 | 5.67 | 5.31

is calculated of a disturbance in feed composition. Figure 4.5 shows 6 divided by
0 for the base case design (41 stages) for a feed composition of 0.45. The input
and output variable deviations are scaled with their nominal value. The three
different graphs represent three different sets of weighting matrices. Respec-
tively W,, = I, W, = I, W, = I, W, = 0.2 and W,, = I, W, = 5I. The controlled
variables are the top and bottom composition. The manipulated variables are
the reflux rate and the vapour boil-up rate. Figure 4.5 clearly shows that a small
number of trays is beneficial from a controllability point of view. This is in line
with the prediction made in Section 4.4 that for a force-specified process large
flows are desirable from a control point of view. It also shows that the result is
insensitive for the weighting matrices.
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14

1.2r

m‘cp

0.8r
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Wu=I, Wy=|
— Wu=l, Wy=0.2I
0.4 — Wu=l, Wy=5I

02 35 40 45 50
number of trays

Figure 4.7: Results for distillation example.

4.6 Discussion and Conclusions

All existing approaches for integration of design and control are especially aimed
at analysing the controllability of a given set of alternatives. This work is a first
attempt to included controllability in the synthesis phase of conceptual process
design. Fundamental physical properties, as described by the theory of irre-
versible thermodynamics, are exploited, rather than an observation of the input-
output behaviour of the system. One of the attractive aspects of this method
is that it allows a controllability study in the earliest phase of the conceptual
design.

It was shown that from a controllability point of view the thermodynamic de-
sign factors should be large. For flow-specified processes this implies small driv-
ing forces. For force-specified processes this implies large flows. In this work the
method is verified on relatively simple systems only; single units. In order to be
more general applicable the following two developments are required: studies of
systems containing multiple units and integrated units like reactive separations.
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Notation

Roman symbols

area
chemical affinity

heat capacity

disturbance space
differential equations

flow

algebraic equations

output variable equations
flux

inequality constraints
thermodynamic design factor
spatial coordinate
phenomenological constants
phenomenological constant matrix
spatial coordinate
production per unit volume
total production in the system
reflux rate

state of a system

storage function

system

time

temperature

inputs

input space

density of the inventories
volume

inventory

supply rate

weighting matrix

driving force

state space

liquid mole fraction

*RXIECTISRENTON® IYT IDET XTSI YL e
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x state variables
Y outputs
Y Lyapunov function
R vapour composition
y output space
z algebraic variables
Greek symbols
0 disturbances
A spatial coordinates
1 chemical potential
10) net flow
P density
0 design variables
(€] design space
® electrical potential
Subscripts
0 nominal value
A storage function as defined by Ydstie and Alonso (1997)
cd conduction
v convection
E energy
L liquid
min minimum
rd radiation
S entropy
sp setpoint
U inputs
vapour
Y outputs
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New Controllability analysis
tools'

In this chapter two new controllability analysis tools will are developed; closed-
loop controllability index and dynamic interaction analysis. The closed-loop con-
trollability index is based on LQG control. It allows one to assess the optimum
closed-loop variance of a system exposed to a stochastic disturbance scenario. Is-
sues like robustness and a trade-off with economics are also discussed. The dy-
namic interaction analysis is an dynamic extension of the RGA in the time do-
main. It allows one to determine the dynamic interaction between control loops
without unrealistic assumptions on the controller.

tParts of this Chapter have been published by Meeuse and Tousain (2002),
Meeuse et al. (2002) and Meeuse and Huesman (2002)
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5.1 Introduction

In chapter 3 the currently available controllability analysis tools were reviewed.
It was shown that most controllability indicators suffer from several disadvan-
tages:

e the physical interpretation of the is indices unclear,
e the indices are based on steady-state or assume perfect control,

e design alternatives of different dimensionality might be impossible to com-
pare.

In this chapter two new methods that partly overcome these limitations will be
introduced.

The first method is closed-loop controllability analysis. This method gives
clear disturbance sensitivity information, just like the method presented by Se-
ferlis and Grievink (1999), but now based on dynamic models and stochastic dis-
turbances. Moreover robustness issues will be included in this method. It is
based on the approach presented by Tousain et al. (2000) for the optimal sensor
selection in a High Density Polyethylene reactor.

The second method is a closed-loop interaction analysis of the control loops,
based on the Relative Gain Array. This tool can be used to analyse whether con-
trol with multiple Single Input-Single Output (SISO) loops is sufficient. Com-
pared to existing dynamic analysis the main benefit is that the analysis is done
in the time domain, and does not assume perfect control.

This chapter is organized as follows. The next section presents the closed-loop
controllability approach. Obviously there will be a trade-off between the steady-
state economics and the closed-loop performance. Two alternative approaches to
tackle this trade-off will be presented: multi-objective optimization and closed-
loop economic optimization. Both approaches will be demonstrated for the design
of a distillation column as a case study in section 5.4. The novel dynamic inter-
action analysis method will be presented in section 5.5. Finally some conclusions
will be drawn.

5.2 Closed-loop controllability

As already mentioned before, what is ultimately important from an operational
point of view, is the closed-loop performance of the process. Figure 3.2 showed
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that this is determined by a combination of the process, the control system, the
measurement system and the actuators. The dynamics of the measurement sys-
tem and the actuators are generally neglected. So the closed-loop performance
analysis should be based on the combination of the process and the control sys-
tem.

The majority of controllability analysis is either based on perfect control, or
on specific choices of the control structure and algorithm. The first option, perfect
control, is not realizable in reality so the practical value of the results is not clear.
Schweiger and Floudas (1997) and Bansal (2000) give examples of the second
option. The closed-loop performance of alternative designs is compared, but the
control system is based on decentralized PI controllers only. In this case there
is a possibility that different, more advanced, controllers would lead to different
optimal designs.

In this section a new concept will be introduced, closed-loop controllability.
The essential idea is that the controllability analysis is done based on the op-
timal achievable closed-loop performance. First the process and disturbance
models are introduced, followed by a derivation of the closed-loop controllabil-
ity analysis. Then it will be shown how robustness criteria can be included in the
closed-loop controllability analysis.

5.2.1 Process and disturbance models

The process model In this section processes of which the behaviour can be
described by a system of Differential Algebraic Equations (DAE) will be consid-
ered:

T f(z,z,u,6,0,9), ©.1)

0 = g(z,2,u,0,0,0),
where x € R"= are the state variables, 2 € R"= are the algebraic variables, u €
R" are the input variables and § € R are disturbance variables. ¢ € ¥ are
the n, design parameters. ¢ € R"® are the uncertain parameters. First all
uncertain variables will have their nominal values, ¢ = ¢g so that these can be
omitted from the analysis. f are the differential equations and g are the algebraic
equations. The equations f and g are assumed to be continuous in all variables
except the integer design variables, and at least once differentiable. Selected
output variables, y are given by:

y = h(z,2,9,0) (5.1)
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The operation of the plant is subject to operating constraints given by:
Y=Y < Yu, (5.2)

and
w < u < Uy, (5.3)

where the bounds are chosen appropriately.

Linearized models can describe the behaviour of the plant in or close to its
steady-state operating point(s). For these models the standard state-space nota-
tion is used:

Az = Ay(o)Az + By(o)Au+ 9,
Ay = Cp(o)Ax,
where Az, Au and Ay, are respectively the deviations of the states, the in-
puts and the outputs from their steady-state values, and the system matrices
[A,, By, Cp] are obtained through linearization of equations 2.1 and 5.1. They are
functions of ¢ only because each choice of ¢ uniquely defines a steady-state. In
the remainder the dependence of o will be omitted from the notation.

(5.4)

Process disturbances and measurement noise Often, some a priori knowl-
edge on the sources and characteristics of disturbances and measurement noise
will be available. To assess their effect on the process operation (and more im-
portant: how process design influences this!) one should include this knowl-
edge in the design stage. Disturbances and noise are dealt with in a stochastic
framework. This is in contrast to e.g. Seferlis and Grievink (1999) where only
static disturbances are considered. It is assumed that the disturbances can be de-
scribed by coloured noise. The following disturbance model will produce coloured
noise from a white noise input signal. The matrices Ay, By, C; can be tuned to
obtain the required coloured noise profile:

Cﬂ.f = AfICf + Bfwd,

6 = C frf-

where wy is the Gaussian white noise disturbance with covariance matrix R,
and z; are the states of the disturbance model. The plant model can now be
augmented with this disturbance model and the measurement noise, leading to:

] -0 s [ e e

Ym = Cpxp + Wiy,

(5.5)

(5.6)
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where w,, is Gaussian white noise measurement noise with respectively covari-
ance matrix R,, and y,, are the measurements. So in the standard state-space
notation the system matrices [A, By/Bp, C] are given by:

_ | Ay BfCy
A [ v } 5.7)
B
By = [ Op } (5.8)
0
By = [ 5 ] 5.9)
c=c, (5.10)

5.2.2 Optimal closed-loop variance

The general idea of all design methods which take process control into consider-
ation is that the plant should be designed such that, using some kind of control,
one can achieve or optimize some kind of operating performance. The two main
problems are (i) what are the assumptions for the controller, and (ii) how is the
operating performance quantified? To circumvent these problems we base our
analysis on optimal control. The big advantage of optimal control is that, given
a model of the plant and the control objective function, the controller itself is un-
ambiguously defined, so there is no need for restrictive assumptions with respect
to the controller design. Further, using optimal control guarantees that an upper
limit of the practically achievable control performance is attained.

Because we want to account for the effect of stochastic disturbances and mea-
surement noise on the closed-loop behaviour of the process, the controllability
indicator proposed in this work is the weighted (closed-loop) variance of the pro-
cess outputs and inputs:

T
CLC =minE { lim % / (Ay"Q,Ay + AuTQuAu)dt} , (5.11)
t

T—o0

where CLC is the closed-loop controllability indicator, £ denotes expectation,
and @, and @, are square weighting matrices of appropriate dimensions. How
this closed-loop variance can be determined becomes clear from the theory of
Linear Quadratic Gaussian (LQG) Control.
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Linear Quadratic Gaussian Control In the LQG control problem one seeks
the control «(¢) which should be applied to system (5.6) to minimize the following
performance measure:

T
J = E{ lim %/ (AzT Q. Az + AuTQuAu)dt}, (5.12)
t

T— o0
Note the this equation is equal to equation 5.11 when Q. is selected as:
Q. =CTQ,C (5.13)

The solution of this LQG control problem is very elegant. The optimal controller
is found by combining the optimal state observer (Kalman filter) with the opti-
mal state feedback controller for the deterministic Linear Quadratic Regulator
problem (with weighting matrices @, and Q). The resulting closed-loop system
is show in Figure 5.1. For the details one is refer to Kwakernaak and Sivan
(1972). The Kalman filter gain is given by:

L=PCTR,}, (5.14)
where P is the solution of the estimator Algebraic Riccati Equation (ARE):
0= AP+ PA—PCTR,'CP + BER,Bp. (5.15)
The control law is a simple state feedback law:

u(t) = —Ga(t) (5.16)

le an

Plant

\ 4
\ 4

v

Optimal | Kalman
regulator |- filter

x>

Figure 5.1: Structure of the LQG controller.
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where G is the feedback gain and 7 is the Kalman estimation of the states. The
optimal state feedback gain is given by:

G=Q,'BfM (5.17)
where M is the solution of the regulator ARE:
0=MA+ A"M — MByR 'BEM + Q,. (5.18)
The optimal closed-loop controllability then ensues as follows
CLC = tr{BpR4BL,M + G"Q.,GP} . (5.19)

Obviously the results depend on the specific choice of the matrices Q. and Q,.

The controllability index C LC given by equation 5.11 is closely related related
to the controllability index presented by Seferlis and Grievink (1999), equation
3.9. Both methods use the same objective function, minimization of the sum of
manipulated variable action and controlled variable set-point deviations. The
method presented by Seferlis and Grievink (1999) is based on a static model
with static disturbances whereas our method is based on a dynamic model with
stochastic disturbances.

A limitation of this index as it is defined right now is that it is not robust.
Doyle (1978) showed by example that there exist LQG controllers with arbitrarily
small gain margins. In the next section it will shown how robustness issues can
be included in this formulation.

5.2.3 Robustness considerations

The controller designed in the previous section achieves optimal performance
when the real plant equals the model. In general there will always be plant
model mismatch. Take for instance only the fact the controller with optimal
performance was based on a linearized model. Therefore any controller that will
be implemented must also meet the design specifications despite the uncertainty
in the system. This is called robustness. The LQG controller used in the CLC
analysis has however no robustness properties. Two types of uncertainties are
considered: parametric uncertainties and coprime factor uncertainties.

Parametric uncertainty In the beginning of this section it was assumed that
the parameters ¢ have their nominal values, ¢y,. Now the effect of uncertainty in
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these parameters on the closed-loop controllability indicator will be considered.
The parameters ¢ are bounded by:

where ¢; and ¢, are the lower and upper bound. The worst case, close loop
minimum variance for a given design is then given by:

T
CLCparametric = minmaxFE { lim % (AyTQAy + AuTRAu) dt} ,
1) T—o0 0
(5.21)
st : (bl < ¢ < ¢u
LQGcontrol.

where CLCpqrametric 1S the robust closed-loop controllability indicator for para-
metric uncertainty. Since the nominal values of ¢ are within the bounds, the
following property always holds:

OLCparametric 2 CLC. (522)

Coprime factor uncertainty In the field of robust control one generally con-
siders uncertainties on the elements of the transfer function, G. This is modelled
as perturbations on the plant transfer function. Let us denote the perturbed
plant as Ga. Several different types of perturbations can now distinguished. A
perturbation, A is additative if:

ga=G+A. (5.23)
A perturbation is multiplicative if:
Ga = (I +A)G (5.24)

An alternative uncertainty description, often used in the area of robust control is
coprime factor uncertainty. Assume that the process transfer function, G(s), has
a normalized left coprime factorization (McFarlane and Glover, 1989):

G(s) = M (s)Nis), (5.25)
where both Mi(s) and Nl(s) are stable. The perturbed plant can then be written
as:

Ga = (My+ Apr) (N + Aw). (5.26)
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Figure 5.2 shows these three uncertainty models schematic. The coprime factor
uncertainty model is very general. The robust stability margin is the maximum
perturbation for which the closed-loop system is stable. McFarlane and Glover
(1989) have shown that for this uncertainty model there exists an exact solution
for the controller that maximizes this stability margin. This controller is also
based on the state feedback law, equation 5.16. The stability margin, ¢, for a
controller K is given by:

(5.27)

)

7o

3

o0
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Figure 5.2: Uncertainty models: A: additive uncertainty, B: multiplicative uncer-
tainty, C: coprime factor uncertainty.
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In case of coprime factor uncertainty the robust closed-loop controllability is de-
fined as:

T
CLC oprime = hm = [ (AyTQ,Ay + AuTQ,Au) dt
0
. (5.28)
st : I gK s
€ 2 Emin- -

If the stability margin for the nominal design is within the bounds, the optimum
design based on the C'LC is also the optimum based on CLCoprime, hence:

CLCooprime > CLC. (5.29)

Balas et al. (1998) state that values of € > 0.2 — 0.3 are generally satisfactory.

We now have a novel controllability indicator with the main advantages that
there exists a clear physical interpretation relating to the disturbance sensi-
tivity and that it is based on realistic, but optimal controllers. We have also
showed how robustness issues can be incorporated in this approach. Next it will
be shown how this can be combined with economics.

5.3 Closed-loop controllability and economics

Just like all the other controllability indicators, the newly introduced closed-loop
controllability indicator ignores the process economics. Two alternative ways to
combine this closed-loop variance with the steady-state economics will be pre-
sented. The first, a multi-objective optimization approach, treats the closed-loop
variance and the steady-state economics as separate objective functions. The
second, a closed-loop economic optimization approach, includes the closed-loop
variance in the constraints.
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5.3.1 Multi objective optimization

When the closed-loop variance and the steady-state economics are both seen as
objective functions, the design problem can be formulated as:

min (Jeconomica Jclvar)

pEP

st. 0= f(z,2z,u,0,0,0)
0=g((z,2,u,0,0,9), (5.30)
LQGdesign
Y <Y S Yu

In general each objective function itself can be minimized, but it is not possible
to simultaneously minimize both objective functions. Figure 5.3 shows a typical
feasible solution set. The Pareto solution set consists of those designs where one

Feasible designs

3

Pareto-curve

Ji J1—

Figure 5.3: Pareto curve for two objectives.

objective can only be improved at the expense of the other objective function. For
the designs that do not lay on the Pareto curve, always at least one objective
can be improved, without resulting a negative effect on the other objectives. The
solution of the design problem 5.30 is the Pareto set. A decision maker needs
to select a single design afterwards by making a trade-off between the various
objectives.

Several alternative methods exist to generate the Pareto set (Clark and West-
erberg, 1983). The first approach is to introduce a new objective function that is
a weighted sum of the individual objective functions:

Jnew = ZwiJi (531)
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where w; are the weights related to the various individual objectives. In this
way the multi objective optimization problem is transformed in a single objective
optimization problem. The difficulty in this approach is to assign the weights
for the individual objectives. For our specific problem: how to weight the static
economics compared to the closed-loop controllability.
When there are two objective functions, J; and J; a new objective function
can be generated:
Imuits = oJp + (1 - Q)JQ, (5.32)

with 0 < o < 1. A Pareto set can be generated by solving the optimization
problem with the new objective function for different values of a.

Alternatively one can optimize one objective function while a constraint is
added on the other objective function(s):

min Jeconomic
s.t. Jclvar < j7

where 7 is the constraint value of the other objective function. By varying this
constraint on can generate the Pareto curve.

For strictly integer design spaces the Pareto set can also be found by gridding
of the design parameters.

The main advantage of the multi objective optimization approach is that clear
insight in the trade-off between different objectives is obtained, however the “so-
lution“ of (5.30) is a set of solutions rather than a single solution. Next, an
alternative approach is presented with a single solution.

(5.33)

5.3.2 Closed-loop economic optimization

In the approach described above, all designs constraints (equations 5.2) are re-
lated to the expectations of y. This gives no information about the distribution of
y around the expectation. Different design alternatives will have the same expec-
tation, but can have completely different distributions. A more realistic approach
would be to put constraints on the expectation value plus the variance. For in-
stance specify the value the variables should have for e.g. 90% of the production
time. A smaller variance can then lead to a design closer to the constraint. In
general this will be economically attractive. It is also the basic concept of Taguchi
techniques (Ross, 1988).

An example in distillation is to replace the constraint that the expectation of
the the top purity is 99% by a constraints specifying that top purity should be
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above 99% for 95% of the time. A reduction of the variance gives the possibility
to set the mean value closer to the constraints. This is shown schematically in
Figure 5.4. Line A is the first design. A constraint violation is allowed for 10% of
the production time. Line B has the same mean value, but a reduced variance.
Since a much smaller part is below the constraint, the mean can be shifted closer
to the constraint, line C, with still of constraint violation of 10% of the production
time. This will generally be cost efficient. The dashed areas in the figure indicate
the 90% region. A time domain visualization is presented in Figure 5.5. The
constraint formulation (5.2) is now modified into:

< —
D= vy ’yg(y) (5.34)
y+75y) < Yu,

where ¢ indicates the standard deviation. The variable v indicate the degree of
constraint violation. For a normal distribution and v = 1 allows the variable
to violate the constraint for about 16% of the production time, v = 3 allows the
variable to violate the constraint for about 0.1% of the production time.

The standard deviation of the outputs is given by the square root of the diag-
onal elements of the closed-loop co-variance matrix. This co-variance matrix is
given by:

C

E(yy") = [ 0 }Y[ ct o], (5.35)

where Y is state covariance matrix. This matrix is the solution of the Lyapunov

90% constraint

Figure 5.4: A reduced variance allows to move closer to the constraints.
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constraint

K average design 2
average design 1

T 1

time

Figure 5.5: Time domain interpretation of Figure 5.4.

equation:

T

A-BG  —BG + Ry = 0. (5.36)

0 A-LC

A—-BG —-BG
]Y+Y{ 0 A-LC
The design problem is then reformulated to:

min Jeconomic
[ ASPIRT)

s.t. 0= f(z,2,u,0,0),
0=g(z,zu,d,0),
LQGdesign
0= [ A—-BG —-BG

0 A—-LC

T

A—-BG —-BG
+ Ry

}Y+Y[ 0  A-LC

. C T 2

o(y) = | diag( 0 Y[C’ OD ,

Yi S Yy — 'YyU(y>7

Y+190 ) < Yu-

(5.37)

The solution of this optimization problem is more computationally demanding
than the solution of the multi objective optimization problem because of the large
dimension of the search space.
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5.4 Example: binary distillation

The approach is now illustrate with a binary distillation column as case study.

System description The process model is based on the well known Column
A, introduced by Skogestad (1997). The feed and product specifications for all
alternative designs were based on those described by Skogestad (1997). The
following modifications were made to the model:

e the feed is introduced above the feed stage instead of on the feed stage,

e perfect control instead of PI control is applied to the reboiler and condenser
hold-up,

e the nominal hold-up on the stages is modelled proportional to the liquid
flow to take the effect of the diameter of the column into account.

The design parameters that are varied are the number of stages and the feed
stage location. The number of stages was varied from 31 to 51. The feed stage
location was varied from the center stage minus 5 stages to the center stage plus
5 stages. The base case design has 41 trays and the feed tray is in the center
(tray 21). This is a traditional design with the reflux ratio chosen 1.35 times
the minimum reflux ratio. The feed is saturated liquid. The controlled variables
are the top and bottom composition. The manipulated variables are the vapour
boilup and liquid reflux stream, corresponding to the well known LV configura-
tion. Other control configurations are not considered. For the calculation of the
total annual costs the economic model provided Luyben and Floudas (1994) is
used. This model takes the capital as well as the operational costs into account.
All cost data are taken equal to those provided by Luyben and Floudas (1994).

Simultaneous disturbances in the feed flow rate and feed composition were
considered with a variance of 0.044 and 0.011 respectively. The shaping filters for
both disturbances were chosen low-pass second order such the inverse of the cut-
off frequency is one fourth of the dominant time constant in the system (cut-off
frequency 0.016 Hz). The measurement noise on the composition measurements
was assumed to be white noise with a variance of 0.0001.
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5.4.1 Multi-objective analysis

In this example all design parameters are integer variables. Therefore an al-
ternative approach is used to generate the Pareto set. First generate the entire
feasible area by gridding the parameter space. For all grid points both objectives
are calculated. The grid points that form the Pareto optimum can then easily be
selected. This leads to the following steps:

step 1 choose N grid points o; € 3,7 =1,..., N to discretize the search space,
step 2 for every grid point o,

e determine a steady-state,

e compute the economic costs (Jeconomic) associated with the static de-
sign,

e compute a linearization [A, B, C],

e solve the estimation and control Riccati equations and compute the
closed-loop variance (CLC).

The weighted closed-loop variance of all designs is given in Figure 5.6. Fig-
ure 5.7 shows the total annual costs of the designs, as a function of the design
parameters. All designs were generated with the specification of the nominal
top and bottom composition as given above. The weighting matrices @, and @,
were both identity matrices. The optimum from a economic point of view lies
around the base-case design. The absolute values of the weighted closed-loop
variance depends on the units used for the manipulated and controlled variables
and the weighting matrices. Figure 5.6 clearly shows that the optimum design
from a closed-loop controllability point of view has less stages than the nomi-
nal design. Alternative sets of weighting matrices (Q, = 10 I,Q, = I and
Qy = I,Q, = 10 x I) gave the same trends. Note that this is in line with the
results presented in Chapter 4. This result is in contrast with the statement
made by Skogestad (1997) that for composition control increasing the number
of stages would probably be beneficial. However it can be explained physically
when one realizes that the total inventory in the column with 31 trays is larger
than the total inventory in the column with 51 trays. Although the number of
trays is smaller, the hold-up per tray is larger because of the higher reflux. For
the specific type of disturbances, zero mean stochastic disturbances, this leads to
lower disturbance sensitivity. Figure 5.8 shows the multi-objective results with
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closed loop variance

Figure 5.6: Closed-loop variance as a function of design parameters.

annual cost ($)

Figure 5.7: Total annual costs as a function of design parameters.

the closed-loop variance objective function plotted against the total annual costs
objective function. Apparently the designs with a feed stage around the center
lie very close to the Pareto curve. One can hence conclude that the feed stage
position that is optimal with respect to both steady-state economics and closed-
loop variance is in the center of the column. The trade-off between steady-state
economics and closed-loop variance hence remains to be made by a choice of the
number of stages only.

The results presented above did not take any robustness measures into ac-
count. Next it will be shown how the results differ when robustness is consid-
ered.
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Figure 5.8: Total annual costs versus the closed-loop variance.

5.4.2 Robustness

Parametric uncertainty The uncertain parameters considered are the feed
rate and the feed composition:

9:{ F
Tp

Figure 5.9 shows the robust CLC results as defined by equation (5.21). It can
clearly be seen that the robust CLC results give the same trends as the nominal
results. The optimal design parameters using C LCpqrametric are not altered, com-
pared with the optimal design parameters using CLC. Obviously the values of
CLCparametric are higher then the nominal values since the values of maximized
over the uncertainty domain.

(5.38)

00<F<1.1
0.45 < zp < 0.55

Coprime factor uncertainty Figure 5.10 presents the stability margins for
the various designs related to the coprime factor uncertainty. When this stability
margin is added as a constraint to the optimization problem, the feasible area is
reduced. In line with Balas et al. (1998) constraint that ¢ > 0.2 is added. The
resulting feasible area is indicated in Figure 5.10. The values of CLCR2 in the
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closed loop variance

Figure 5.9: Parametric closed-loop controllability.
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Figure 5.10: Co prime factor uncertainty stability margin.

feasible area are the same as the values of the CLC. Hence the optimum design
parameters in case of coprime factor uncertainty have not changed, compared
with the nominal design.
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5.4.3 Closed-loop validation

Govtsmark and Skogestad (2002) disputed that the controllability analysis based
on LQG control are of practical interest. They state that the results presented
above are only valid when there is no model uncertainty and no delays. Based on
pu-optimal control and RGA analysis they conclude that a large number of trays is
beneficial for control. As stated before, the ultimate goal is the final closed-loop
performance. Hence the controllability analysis should be inline with realistic
closed-loop simulations. Therefore closed-loop simulations are carried out for
columns with different number of trays: 31, 41 and 51, with PI control on the
composition control loops. All columns are designed as presented before, with
the feed stage in the middle. The full non-linear models were used for these sim-
ulations. For the inventory control in the reboiler and condenser P controllers are
used, with gains as suggested by Skogestad. In the composition control loops a
time delay of 1 minute was added to simulate measurement delays. Auto Tuning
Variation was applied to determine the ultimate gain and the period of oscilla-
tion (Astrom and Hégglund, 1988), required for the controller tuning. Tyreus-
Luyben settings were used for the PI controllers (Tyreus and Luyben, 1992).
Table 5.1 shows the ultimate gain and period of oscillation, together with the
Tyreus-Luyben tuning parameters for the three designs. The three different col-

Table 5.1: Physico-chemical processes and their flows and forces.

NT=31 | NT=41 | NT=51
top loop

K. 334 264 218

P, 4.8 4.7 5
Ky 104 83 68
TiTL 10.6 10.3 11

bottom loop

K. -215 -177 -159

P, 3.6 3.6 3.7
Krr -67 -55 -50
T4, TL 7.9 7.9 8.1
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umn designs were exposed to stochastic disturbances in the feed rate and feed
composition, according to the disturbance scenario as defined before. The distur-
bance profiles are shown in Figure 5.11. The closed-loop responses of the top and
bottom compositions are shown in Figure 5.12 and Figure 5.13. The (normalized)
integral squared errors (ISE) are shown in Table 5.2. These results clearly show
that form a disturbance sensitivity point of view, a column with a small number
of trays is considerably better then for a column with a large number of trays.

] T06
+0.55
111 ) ,.WMN K_AUF‘"’\ m\,ﬂ 05 §
AL AR AR
[}
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= ?
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—2zF T
0.9 . ' ' '

0 100 200 300 400 500
time

Figure 5.11: Profiles of the disturbances in the feed flow (left axis) and feed com-
position (right axis).

Table 5.2: Integral Squared Errors for top and bottom composition under
stochastic disturbance scenario, normalized with NT=31.

NT=31 | NT=41 | NT=51
ISE top 1.0 2.1 3.3
ISE bottom 1.0 2.0 2.6
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Figure 5.12: Closed-loop response of the top compositions to the stochastic dis-
turbance profile.
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Figure 5.13: Closed-loop response of the bottom compositions to the stochastic
disturbance profile.
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5.4.4 Closed-loop economic optimization results

The closed-loop economic optimization problem (eq. 5.37) was also applied to this
case. Instead of specifying the nominal values of the top and bottom composition,
the mean value plus once the standard deviation is specified:

w(@iop) — S(Ttop) > 0.99, (5.39)

and
N(xbottom) + C(xbottom) § 0.01. (540)

Figure 5.14 shows the total annual costs for the designs as a function of the
design parameters for this problem statement. Figures 5.15 and 5.16 show re-
spectively the mean top and bottom composition as a function of the design pa-
rameters. The designs with this approach are, for the same design parameters
P, up to 12 % more expensive than the designs generated based on the nominal
compositions due to back-off from the constraints. It can also be seen that the
optimal choice of design parameters is almost equal to the design parameters for
the steady-state optimal economic (41 trays and the feed tray in the center).

total annual cost ($)

30 -5
number of trays feed tray

Figure 5.14: Total annual costs for closed-loop economic optimization.
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Figure 5.15: Mean value of the top composition.
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Figure 5.16: Mean value of the bottom compositions.
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5.5 Dynamic interaction of control loops

Almost all chemical processes are multivariable by nature. Despite the fast de-
velopments in multivariable control, most control systems are still based on sin-
gle input single output (SISO) control. This generally leads to a set of potentially
interacting SISO control loops. Bristol (1966) introduced the well known Rela-
tive Gain Array (RGA) to quantify steady-state interaction. For a system with n
manipulated and n controlled variables, the RGA is a nxn matrix whose entries
consist of the ratios of the corresponding open-loop gain and closed-loop gains.
The RGA can be used to determine which pairing of manipulated and controlled
variables should be used in order to minimize interaction. For an overview of the
RGA the reader is referred to textbooks like Stephanopoulos (1984) and Skoges-
tad and Postlethwaite (1996).

The RGA is based on static gains, in other words the process dynamics are
neglected. Especially for systems containing time delays, right half plane zeros
or large differences in time constants an analysis of the dynamic interaction can
be very important. Based on the steady-state analysis one would prefer a certain
pairing, whereas the inclusion of the dynamics would lead to a different pair-
ing. It should be noted however, that an acceptable static RGA remains a neces-
sary condition. Therefore a dynamic analysis is only required for systems with
an acceptable static RGA. Another motivation for a dynamic interaction analy-
sis is that sometimes no preference for the pairing can be determined based on
steady-state analysis only (e.g. a 2x2 system with all RGA elements close to 0.5).
Dynamic analysis might reveal which pairing should be preferred.

Witcher and McAvoy (1977) proposed to extend the RGA to the frequency do-
main. Gagnepain and Seborg (1982) modified the dynamic approach of Witcher
and McAvoy (1977) by averaging the frequency dependent RGA over the desired
frequency range. The application of this is of rather limited use because now
all dynamic effects are averaged. Tung and Edgar (1981) calculate the dynamic
RGA out of a state-space description of the process. However their method is not
essentially different from the method proposed by Witcher and McAvoy (1977).
The methods discussed above are all based on perfect control. In the steady-state
this might be realizable, but dynamic perfect control is in general not possible.
Huang et al. (1994) define a Generalized Dynamic Relative Gain (GDRG) us-
ing more realistic control based on the Internal Model Control (IMC) principle.
However the GDRG is also based on averaging the dynamic response over the
frequency domain so the applicability is limited.
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A new method for the analysis of dynamic interaction is now presented. The
objective of this method is to do a meaningful analysis of dynamic interaction.
This means that it is not based on the perfect control assumption. Moreover the
analysis is done in the time domain because of the large advantages it offers for
the interpretation.

First a review will be given of the dynamic RGA. Then our new approach will
be presented, followed by a number of examples. Finally some conclusions will
be drawn about the applicability of this new approach.

5.5.1 Review of dynamic RGA

Consider a square system with n manipulated variables v and n controlled vari-
ables y. The RGA element );; that is the result of pairing the controlled variable
y; with the manipulated variable u; is defined as:

du; uy£; constant

auj Yr#i constant

The numerator in expression 5.41 is the gain of the loop ¢j, with all other manip-
ulated variables kept constant (open-loop gain). The denominator is the gain of
the same loop, but now with control applied on all other loops keeping all other
controlled variables constant (closed-loop gain).

The complete RGA matrix A can be computed from the transfer function ma-
trix G:

Aij = (5.41)

A(s) =G(s) R G(s)™ " (5.42)

Where X) denotes element by element multiplication and s the laplace variable.

When s = 0 is inserted into equation 5.42, the static gains are obtained and
hence the original RGA as proposed by Bristol (1966). Witcher and McAvoy
(1977) were the first to extend this to the frequency domain. The frequency de-
pendent RGA is simply calculated by inserting s = jw in equation 5.42. There
are however some arguments against the use of this frequency dependent RGA:

e The physical interpretation is much less transparent than the steady-state
interpretation.

e It makes use of not realizable controllers.
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e Chemical engineers are less used to working in the frequency domain.

All these arguments will be discussed below.

Firstly, calculation of the frequency dependent RGA according equation 5.42
will lead to a matrix with complex elements. These complex elements can be
represented by a magnitude and a phase. The interpretation of these complex
elements is not very transparent. Witcher and McAvoy (1977) claim that: “the
magnitude can be interpreted in exactly the same way as the standard relative
gain array.” However the standard RGA can have negative elements while the
magnitude is always non-negative. Moreover the property that the sum of ele-
ments in a row or column equals one does not hold for the magnitudes. Seider
et al. (1999) try to get around this by using a slightly modified expression for
the dynamic RGA elements. For one element (lets suppose the 1,1-element) the
following expression is used:

/\11 = Sig’fl ()\11(0)) . ‘/\11(]0.))‘ (543)
Then the 1,2-element is calculated with:
A2 =1— A1, (5.44)

However different results will be obtained when the 1,2-element is used in equa-
tion 5.43, rather then the 1,1-element. So this frequency dependent RGA is not
uniquely defined.

Secondly, the calculation of the dynamics of any closed-loop response relies on
the selected controller. When the RGA is calculated according to equation 5.42,
the implicit assumption is made that the controller is the inverse of the process.
However this will lead to non-proper controllers that can also be unstable when
right half plane zeros are present or unrealizable when time delays are present,
Morari (1983).

Thirdly, the frequency domain seems to be not the most appropriate domain
of analysis for chemical processes. The frequency domain stems from the systems
and control community. It has however never been embraced by chemical engi-
neers, especially not by those working outside academia. It is also our personal
experience that in the industrial process control practice the frequency domain
is completely omitted. One of the reasons for this could be that the frequency do-
main is very informative for sine shaped signals. For step responses however, the
time domain is much more attractive to work in. In chemical processes, distur-
bances and set-point can in general much better be described by step responses
then by sinuses.
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5.5.2 Proposed Approach

The basic idea of our approach is to compare two step responses of the system
after a manipulated variable action under different control conditions. The first
step response is the open-loop response to a manipulated variable action, so all
other manipulated variables are kept constant. The second is the closed-loop
response, so all other control loops are put on automatic. Both responses will be
calculated in the Laplace domain and then transformed to the time domain. A
general square system will be considered as described by:

y=9-u, (5.45)

with y the vector of outputs, u the vector of inputs and G the transfer matrix.

Open-loop response The open-loop step response of y; to a change in u; is
then given by:

Yijol(t) = L7 [gjﬂ , (5.46)

where £ denotes the Laplace transform.

Closed-loop response For the closed-loop response a controller needs to be
designed for all other control-loops. Obviously this response depends on the se-
lected control algorithm. Our approach uses Internal Model Control (IMC) as
presented by Garcia and Morari (1985). Figure 5.17 shows the structure of IMC.
The details of the IMC design used to construct @ can be found in Appendix B.

It should be noted that while calculating );; the plant P equals G without the
i-th row and the j-th column. Figure 5.18 shows the complete signal diagram for
the closed-loop system. From this figure it can easily be seen that the closed-loop
step response of y; to a change in u; is given by:

1

Yijet(t) = L7 (Gij — Gii QGhrirj) 5 (5.47)

Dynamic RGA In the traditional RGA the open-loop is divided by closed-loop
gain. A seemingly logical extension would be to divide the open-loop time re-
sponse by the closed-loop time response. However in case of time delays this
might lead to division by zero. It is proposed to present the data as a paramet-
ric representation. That is for every time instant a point is plotted with the
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O

Figure 5.17: The structure of IMC. The plant is indicated by P, P is a plant
model and Q an approximation of the inverse of P.

closed-loop step response as x-coordinate and the open-loop step response as y-
coordinate. It should be clear that if the parametric representation coincides
with the line y = z both responses are the same.

Suppose that the open-loop and closed-loop response are given by:

_ -1 1 1
Yor() = £ [(SH)J (5.48)
_ 1 1 1 1
yau(t) = £ {<s+1+52+35+1>s] (5.49)

Then figure 5.19 shows the graph. The graph runs from the point ¢t = 0 till ¢ = oc.
All graphs are placed in an array, so for a 2x2 system the result would be four
graphs placed in an array of two rows and two columns. In the rest of this article
this array of graphs will be referred to as the dynamic RGA.

Properties of the dynamic RGA Now some properties of the dynamic RGA
will be presented.

e The graph always starts (t = 0) in the origin.

The point of the graph corresponding with ¢ = 0 is (y.(0), y»:(0)). For smooth
systems y.(0) = y,(0) = 0 and hence the starting point of the graph is the
origin.
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Figure 5.18: Closed-loop structure containing the internal model controller.

o The static RGA values are given by dividing the final value of the open-loop step
response by the final value of the closed-loop step response.
The endpoint of the graph, corresponding with ¢ — 0o is (y.;(00), yoi1(c0)). These
are the open and closed-loop gain respectively and they do not depend on the
applied control algorithm. So the static RGA is simply the open-loop gain divided
by the closed-loop gain.
e For stable systems the graph is finite.
This is an obvious result from the previous property.
o The property that the sum of the elements in a row or column equals one is lost.
Given a matrix M containing only real elements. Then for the matrix M, given
by:

M=KQK", (5.50)
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25

15F

Figure 5.19: A typical graph, the open-loop and closed-loop response are given
by equations 5.48 and 5.49. Starting at the origin the circles indicatet =0, 1, 2, 3
and 10 time units.

the sum of elements in a row or column equals one. Equation 5.50 is the ba-
sis of the traditional RGA and of the frequency dependent RGA approaches. So
for those approaches the sum of elements in a row or column equals one. Note
however that in the frequency dependent approaches often the magnitude of the
elements is selected. The property does not apply for the magnitude of the el-
ements. In our dynamic RGA the calculation described by equation 5.50 is not
performed, hence this property is lost.

e For a completely decoupled system the graph coincides with the line y = x.

For a completely decoupled system y.(t) = yo(t)vt € RT. So the parametric
representation coincides with the line y = z.

o If the graph intersects the line y = ax, the RGA at that time instant has the
value a.

This results from the fact that at any time instant the x-coordinate of graph is
the closed-loop response and the y-coordinate the open-loop response.

Interpretation of the graphs As already hinted before the most desirable
situation, from an interaction point of view, is a completely decoupled system.
This means that the graph coincides with the line y = z. Deviations from this
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line are a measure for the amount of interaction. As a matter a fact it is possible
to “enclose” a graph by two lines through the origin. For example in figure 5.19
the graph can be enclosed by the lines y = 0 and y = 0.62. So the dynamic RGA
covers the interval [0, 0.6]. This interval should be compared with the “ideal”
value of 1.

If the graph initially moves over the x-axis it implies that the closed-loop and
open-loop response have different time delays. This represents an unfavourable
pairing since opening other loops might result in a stability problem. Something
similar happens when the graph moves into the second or forth quadrant. This
means that the open-loop and closed-loop response have a different sign. So
again this represents an unfavourable pairing because of a potential stability
problem.

5.5.3 Examples

As explained before there are two reasons for extending the static RGA to a
dynamic RGA:

e In some cases the static RGA prefers a pairing different from the best dy-
namic pairing.

e In other cases the static RGA does not prefer any pairing (when all ele-
ments have more or less the same value).

In this chapter two examples are given. In the first example the static RGA does
not prefer any pairing and in the second example the static RGA prefers the
wrong pairing.

Example 1 The plant P1 is given by:

e * 1
Pl(s) = < sth s > (5.51)
P P |
The static RGA can be calculated with equation 5.42:
0.5 05
Apy = ( 05 05 ) (5.52)
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So the static RGA does not prefer any pairing. The proposed dynamic RGA can
be developed as follows. Equation 5.51 gives the various open-loop responses, for
example the open-loop response of the 1,1-element is given by:

N
Yio(t) = L1 Ks(:_ 1) ;} (5.53)

The closed-loop step response of the same element can be derived by substituting
the correct transfer functions in equation 5.47:

e ® 1 s+1 1 —1
s+1 s+1 1 01s+1s+1
—_—— ——————— e~
G11 Gi2 Q Go21

Yiea(t) = L1

! (5.54)
s

Note that Q is calculated according to the procedure presented in Appendix B.
Some rearrangements gives:

a1 e 10 1
yalt) = £ [<s+1 +82+113+10> J (5.55)

Repeating the same exercise for the other elements gives:

(1 10e™3¢ 1]

_ -t 1
praalt) = £ _<s+1 +s2+11s+10> 5] (5.56)

(-1 10e7% 1]

— pr-1 _ —
yoralt) = £ _(s +1 2 t1ls+ 10> 5] (5.57)

r —2s 1

A e 10 1
yozallt) = £ _<s+1 +s2+11s+10> 5] (5.58)

Equations 5.51, 5.55, 5.56, 5.57 and 5.58 are used to construct figure 5.20. Figure
5.20 confirms that the static RGA does not prefer any pairing. All graphs except
the one of the 2,1-element end at (2,1). So the static RGA values of these elements
is 7 = 0.5. The graph of the 2,1-element ends at (-2,-1), so the static RGA value of
this element also equals :—; = 0.5. However figure 5.20 reveals that the diagonal
elements approach this static RGA value quite differently than the off-diagonal
elements. The graphs of the diagonal elements can be enclosed by the lines y = 0
and y = 0.5z, so the dynamic RGA of the diagonal elements covers the interval
[0, 0.5]. The dynamic RGA of the off-diagonal elements move over the interval

99



Chapter 5

Figure 5.20: The dynamic RGA of plant P1. Starting at the origin the circles
indicate t =0, 1, 2, 3 and 10 time units.

[0.5, 1.0]. Note that the interval of the diagonal elements is further from the
ideal value 1.0 than the interval covered by the off-diagonal elements. Another
observation is that the diagonal elements move away from y = x right from
the start over the line y = 0. The off-diagonal elements also move away from
y = x, but this happens only after three time units. So the open and closed-loop
responses have different time delays. In other words the static RGA does not
prefer any pairing but the dynamic RGA clearly prefers the off-diagonal pairing.

Example 2 Plant P2 is taken from Seider et al. (1999):

2.5¢”° 5
PQ(S) = ( (153+1i(2s+1) 74;45%5 > (5.59)
3s+1 205+1

The static RGA can be calculated with equation 5.42:

0.667 0.333
Apz = < 0.333  0.667 ) (5.60)
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So the static RGA prefers diagonal pairing (Seider et al., 1999). Substitution of
the correct transfer functions in equation 5.47 gives:

yll’d(t) =L {((155 —21—516)(;: +1) + 1253 —&-2?;);5?—127.?5 + 10> ﬂ (5.61)
pizalt) = £71 :<4s5+ 1" 6005t + 62%? —t 222)765;1183715 - 10) i (5.62)
yrrat) = L7 :(:asir 1" G00s7 + 63%2Z i 2(7);67;: 371s + 10) é (5.63)
) [~ ] s

Equations 5.59, 5.61, 5.62, 5.63 and 5.64 are used to construct figure 5.21. The
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Figure 5.21: The dynamic RGA of plant P2. Starting at the origin the circles
indicate t = 0, 5, 10, 20 and 100 time units.

RGA value of the diagonal elements moves over the interval [0, 0.667], while the
RGA value of the off-diagonal elements covers the interval [0.333, 1.0]. Figure
5.21 also shows that the diagonal elements move away from y = z over the line
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y = 0 during the first five time units. The off-diagonal elements only move away
from y = x after ten time units. So the static RGA prefers diagonal pairing but
the dynamic RGA clearly prefers off-diagonal pairing.

5.5.4 Discussion

In this section the RGA is seen as a structured way to compare open and closed-
loop responses for different pairings. The static RGA was extended to include the
dynamics of the plant based on the assumptions that:

e A unit step response is sufficient to characterize the dynamics.

e The closed-loop response should approach perfect control in a realistic way.
This is achieved by IMC.

Rather than taking the quotient of the open and closed-loop responses, as done
in the static RGA, the open and closed-loop responses are compared by means of
a graph. In such a graph every time instant is a point with the closed-loop step
response being the x-coordinate and the open-loop step response being the y-
coordinate. For each possible pairing a graph is produced and placed in an array.
This dynamic array is completely consistent with the static RGA (each value of
the static RGA agrees with one point in each graph of the dynamic RGA).

From the two examples in this article it is clear that the approach described
above works. The dynamic RGA provides extra and useful information in case
that:

e The static RGA prefers the wrong pairing (for systems containing time de-
lays, right half plane zeros or large differences in time constants).

e The static RGA does not prefer any pairing (when all elements have more
or less the same value).

For 2x2 systems the approach is straightforward in the sense that the cal-
culations (the IMC design) can be done manually. However for larger systems
it is advisable to do the calculations by dedicated software (e.g. Matlab). Since
the dynamic RGA is an extension of the static RGA an acceptable static RGA re-
mains a necessary condition for an acceptable degree of interaction. So in other
words it is a good idea to check the static RGA first.
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5.6 Conclusions

Two new methods have been presented that can be used in the analysis phase to
help designing more controllable processes:

e closed-loop controllability,
e dynamic interaction analysis.

The most important features of closed-loop controllability are that it can deal
with stochastic disturbances and that the analysis is based on the optimal closed-
loop behaviour of the system. Two alternative methods for considering the eco-
nomics are presented. In the multi-objective optimization method clear insight
in the trade-off between closed-loop variance and economics is gained. How-
ever the solution is not a single solution but a set of solutions. The alternative,
closed-loop economic optimization, will give only a single solution, but consider-
able more computation effort is required.

Once one decides that the control system should be based on decentralized
controllers, control loop interaction becomes an issue. A novel method has been
presented that analysis this interaction in a dynamic way.

Both methods allow an analysis based on the dynamic performance, without
unrealistic assumptions on the controllers.

Notation

Roman symbols

A system matrix

B system matrix

C system matrix

CLC closed-loop controllability
E expectation

f differential equations

F feed rate

g algebraic equations

G optimal state feedback gain
g transfer function

h output equations
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identity matrix

objective function

objective function constraint
controller gain

Kalman filter gain

Laplace operator

solution of the regulator Algebraic Riccati Equation
left coprime factor

left coprime factor

solution of the estimator Algebraic Riccati Equation
plant

weighting matrix

covariance matrix

Laplace variable

time

total time

trace

inputs

Gaussian white noise

state variables

output variables

solution of Lyapunov equation
algebraic variables

Greek symbols

N/ E >N

disturbances

plant perturbation

stability margin

degree of constraint violation
RGA element

weighting coefficient
uncertain parameters

design variables

standard deviation
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Subscripts

0 nominal value
cl closed-loop

d disturbances
l lower bound
m measurement
ol open-loop

D process

u inputs

U upper bound
T states
Superscripts

" model

-1 inverse

T transpose
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Application: Fischer Tropsch
synthesis reactor

In the previous chapters two complementary approaches have been developed for
the design of processes with improved controllability. These approaches can be
applied to the successive synthesis and analysis phases of the design process. In
this chapter the applicability of these approaches will be demonstrated using Fis-
cher Tropsch synthesis as case study. The controllability implications of a novel
reactor type will be investigated: a monolithic reactor. Both methods consistently
suggest that a large reactor, with a high single pass conversion, is desirable for a
disturbance sensitivity point of view
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6.1 Introduction

In the previous chapters two complementary approaches have been developed for
the design of chemical processes with improved controllability characteristics. In
chapter 4 a new method has been presented for considering disturbance sensitiv-
ity in the synthesis phase. The design alternatives are generated using the de-
sign guidelines developed with the Thermodynamic Controllability Assessment
method (TCA). In chapter 5 novel methods for controllability analysis have been
presented: (robust) closed-loop controllability and dynamic interaction analysis.
In this chapter these approaches will be applied to a case study: the design of the
reaction system for Fischer Tropsch synthesis. First an introduction on Fischer
Tropsch synthesis is presented. Then alternative designs will be presented, all
based on a novel reactor concept: a monolithic Fischer Tropsch synthesis reac-
tor (De Deugd et al., 2002a). Since this is a new, unproven, reactor concept for
Fischer Tropsch synthesis, no knowledge exists on the operational behaviour of
the system. Therefore a controllability study can assist significantly in the de-
velopment of the reactor system. In section 6.4 the driving forces and flows in
the alternative designs are analysed and the controllability implications will be
presented. In section 6.5 the novel controllability analysis tools will be applied
to the alternative designs.

6.2 The Fischer Tropsch synthesis

6.2.1 Background of the Process

The conversion of natural gas to hydrocarbons is one of the most promising tech-
nologies in the energy industry today. Natural gas can be converted into high
quality transportation fuels, specialty chemicals and waxes. The Fischer Trop-
sch synthesis (FTS) is a process that converts synthesis gas, a mixture of Hy and
CO, into straight chain hydrocarbons. The synthesis gas can be produced out
of natural gas, coal or biomass. The Fischer Tropsch synthesis process has orig-
inally been developed in the early 1900s. Nowadays the process has regained
industrial interest. The main reasons for this are:

e the products of the Fischer Tropsch synthesis are sulphur free

e the process enables one to utilize associated gas from oil fields and remote
gas sources via gas to liquid technology
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e it provides the possibility to use natural gas, coal and biomass for trans-
portation fuels.

Knott (1997) gives on overview of commercial Fischer Tropsch synthesis activi-
ties and sketches some interesting future commercial developments.

6.2.2 FTS Process Characteristics

The Fischer Tropsch synthesis (FTS) is a highly exothermic reaction which pro-
duces mainly straight-chain paraffines. The reaction mechanism can be seen as
a stepwise addition of one carbon segment to the chain. It is generally assumed
that the ratio between chain growth probability and termination probability is
independent of the chain length. This mechanism, shown in Figure 6.1, leads
to a product distribution that can be described with the Anderson-Flory-Schulz
(ASF) distribution (Sie, 1998):

M, =a" (1 —-a) (6.1)

where M, is the molar fraction in the product with a chain length of n, n is the
chain length and « is the chain growth probability that is independent of the
chain length. For modern Fischer Tropsch synthesis processes « is in the range
0.92 - 0.98.

The overall stoichiometry of the reactions in the Fischer Tropsch synthesis
process can be represented by:

2Hy + CO — (1 — )CHy + (1 — @)aCoHg + (1 — a)a®C3Hg + ... + H,O.  (6.2)

The reaction enthalpy for this overall reaction is 170 KJ/mol syngas. Typical
process conditions are a temperature of 200°C - 240 °C and a pressure of 20 bara
- 35 bara.

Reactor Concepts for Fischer Tropsch synthesis Commercial gas to liquid
technology involve three main sections: synthesis gas production, Fischer Trop-
sch synthesis and product up-grade. The syngas production technologies and
the hydrocracking technology for FT product grade-up are well established tech-
nologies. The bottleneck for making the entire GTL process profitable is the FT
reactor technology. Many of the known reactor types have been exploited for the
FT synthesis, with according to Krishna and Sie (2000) the most promising being
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CO+H,
initiation i
termination
CH, —1a > CH,
propagation o
termination
propagation o i
propagation o ¢

termination

CnH2n+1 o CnH2n+2

Figure 6.1: Simplified reaction mechanism for Fischer Tropsch synthesis

the multitubular trickle bed reactor and the slurry bubble column reactor. Alter-
native reactor concepts that were not part of the survey are gaslift loop reactors
(Ghotage et al., 2002) and monolithic reactors (DeDeugd et al.,2002a,b). Espe-
cially the monolithic reactor seems to be attractive for Fischer Tropsch synthesis.
In this chapter the controllability of this reactor concept will be studied.

6.3 Reactor section designs

In this section some alternative designs of reactor sections based on monolithic
reactor technologies will be presented. In the subsequent sections these designs
will be analysed from a controllability point of view using the methodologies de-
veloped in the previous chapters.

6.3.1 Basis of Design

Capacity The plant capacity should be 2 million tonnes per annum (MTPA)
[69.4 kg/s] of middle distillates (kerosene, diesel and naphtha). Van Asperen et
al. (1999) calculated that ultimately 92% of the carbon ends up in the product.
This implies that for a required capacity of 2 MTPA product, the reactor section
needs to be designed for 2.2 MTPA. According to Van Asperen et al. (1999) the
mass yield of the total process is 38.1%. This implies that 5.7 MTPA synthesis
gas is required. Assuming 8000 stream hours a year this corresponds with a
syngas consumption of 18.6 kmol syngas/s with a Ho/COratio of 2.0.
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Battery limits The battery limits of the reaction section designed are shown
clearly in the block diagram (Figure 6.2). The only stream entering the battery
limits is the fresh synthesis gas. This stream is to be delivered at a pressure
30 bara with a temperature of 240°C . The nominal value of the H,/COratio is
2. Three streams leave the battery limits: product stream containing middle
distillates, the water product and the purge. The product stream and the water
stream should be delivered as liquids at a pressure of 25 bara and a temperature
of 35°C . The purge stream should be delivered as a gas at a pressure of 25 bara
and a temperature of 25°C .

boiling feed water

f—y i —— Purge (0.3)
— re?c ion —» Water (1.3)
synthesis gas (2.6) section — Products (1.0)

steam

Figure 6.2: Input-output diagram of the reaction section, values between brackets
are flows in tn/tn product.

Catalyst For the catalyst there are two major options: an iron based or a cobalt
base catalyst (Sie, 1998). In this design a cobalt based catalyst is used. The prod-
uct distribution of the selected catalyst can be described by the ASF distribution
with o = 0.95.

Control objectives The two main variables to be controlled are the tempera-
ture and the conversion at the outlet of the reactor. In our analysis we will use
the gas phase hydrogen concentration as indicator for the conversion. This leads
to the following controlled variables: the hydrogen conversion and the tempera-
ture at the end of the reactor. The throughput is considered to be determined by
an upstream unit.
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Disturbance variables The disturbance variables considered are the inlet
gas temperature and the inlet synthesis gas inlet composition. The disturbance
in the inlet gas composition is modelled as a disturbance in the inlet H; fraction.
The disturbances are scaled such that a temperature deviation of 1°C counts
equally as a disturbance in the inlet Hs fraction of 3%.

6.3.2 Major design decisions

As already stated before, the selected reactor type is a monolithic reactor. A
monolith is an example of a structured catalyst. The main advantages of this
reactor type are the plugflow behaviour, the low pressure drop and the efficient
mass transfer. Moreover no solid-liquid separation is required to separate the
catalyst particles from the liquid product.

The monolithic reactor will operate adiabatically. Therefore a liquid recycle
is required that can serve as a heat sink, preventing extreme temperature rises.
An external heat exchanger should be installed in the liquid recycle to remove
the heat produced.

The desired flow regime in the monolithic channels is Taylor flow (Kapteijn
et al., 1999). Gas bubbles and liquid slugs flow co-current through the chan-
nels. Only a thin liquid film separates the gas from the catalyst leading to fast
gas/solid mass transfer. The liquid slugs show internal recirculation during the
transport through the channels. This flow regime is shown schematic in Figure
6.3.

6.3.3 Conceptual design of reactor section

The basic process flowsheet for a reactor system with a monolithic reactor is
shown in Figure 6.4. Part of the liquid effluent of reactor R1 is cooled in E1
and then recycled back to the reactor feed, such that the right flow-regime is
maintained in the reactor. The gas-liquid reactor effluent is cooled and partially
condensed in E2 and feed to a gas/liquid/liquid separator, V2. Part of the gasflow
out of the separator is recycled back to the reactor. The remaining part is purged.

6.3.4 Reactor Model

For the monolithic reactor model as presented by De Deugd et al. (2002a) is
used. The model assumes all channels to be identical. The model consists of two
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gas bubble
™ I
liquid slug —
Flow direction

Figure 6.3: Schematic representation of the Taylor flow regime. (Taken from
Kapteijn et al., 1999)

parts. The first part describes the hydrodynamics of the two phase stream in the
reactor. The second part describes the diffusion and reaction between reactants
and products inside the catalyst layer.

The hydrodynamics are distributed in axial direction only (2-direction), such
that z = 0 corresponds with the feed location. Both the liquid and vapour phase
are described as pure plug flows. The gas phase component balances are given
by:

oc; Ougc; 1 1
€g agg == (;z 4 — kglagl(ci,gﬁ —ciy) — kgsags(ci,gﬁ — Cis) (6.3)

with boundary conditions:
Cig(t,0) = cigo (6.4)

where ¢, is the volumetric gas fraction, ¢; , is the gas phase concentration of
component i, u, is the superficial gas velocity, k4 is the gas/liquid mass trans-
fer coefficient, a4 is the transfer area per unit length, &, is the gas/solid mass
transfer coefficient, a,, the corresponding transfer area, m; are the distribution
coefficients and ¢; 4(¢,0) are the gas phase concentrations at z = 0.

The mass transfer was modelled with the relations presented by Kreutzer et
al. (2002).
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-~ gas recycle
P ¢ i r'y i—}
feed ‘ & purge
R1 K1
X0
liquid|recycle
%5
E1 recycle exchanger
E2 gas cooler V1
K1 recycle compressor
P1 liquid recycle pump V2
R1 FT reactor P1 >
\%! HT gas/liquid separator 4@&
V2 LT gas/liquid/liquid separator E2 product
water

Figure 6.4: Basic concept of the reaction section for Fischer Tropsch synthesis

The liquid phase component balances are given by:

Jc; Jc;, 1
% = —uy=2 4 kgiagi(ci,g— — cip) — kisais(cin — cis) (6.5)

(]‘ _69) 82 mi

with boundary conditions:
¢ii(t,0) =cigo (6.6)

The heat balance is set-up with the assumption that the heat capacity of the
liquid phase is much larger then the heat capacity of the gas phase. No heat
transfer limitations are assumed to exist between the various phases:

or or AI{reaction
(1 - GQ)E - 71”% + Wrsyngas (6.7)
with boundary conditions:
T(t,0) = Ty (6.8)
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where T is the temperature, AH,cqction 18 the heat of reaction, p; is the liquid
density and cp; is the liquid phase heat capacity. The momentum balance is
modelled static:

dut

d —4FLu? p; :
P 2l L e pig — 2(1 — €o)puty " (6.9)

dz o dh

where u;, is the sum of the superficial liquid velocity and the superficial gas ve-
locity. The superficial liquid velocity is assumed to be constant over the monolith,
leading to the following boundary condition:

U (£,0) = w(T) + ugy(t,0) (6.10)

The diffusion inside the catalyst is modelled in the radial direction (y-direction),
such that y = 0 corresponds with the inside of the catalyst and y = L. with the
catalyst-liquid interface. The transport of reactants and products through the
catalyst is described using Fickian diffusion. Diffusion coefficients have been es-
timated from the method defined by Wilke and Change (1955). The relation to
correct the diffusion coefficients in the catalyst layer for the restriction of the
pores is taken from De Jong et al. (1998). The catalyst layer thickness is about
100.m. With diffusion coefficients in the order of 10~8m?/s, the dynamics of this
diffusion can be neglected compared to the dynamics of the hydrodynamics. This
part of the system is hence modelled with steady-state balances. The component

balances are given by:
Di d2ci ayer
E# = ViTsyngasPs> (6.11)

with the boundary condition:

dci,layer (0)

dy =0 (6.12)

where D is the diffusion coefficient, £, is the thickness of the catalyst layer, y is
the radial direction and v; is the stoichiometric coefficient.

At the catalyst layer-channel interface the flux of reactant and products to
and from the catalyst layer is equal to the sum of gas-solid and liquid-solid mass
transfer:

d i, layer
D; Hilayer = klseg(cz’,l - Ci,s) + kgs(l - fg)(ci,sat - Ci,s) (6.13)
dy y=Lc
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The temperature exchange between the catalyst phase and the liquid phase is
assumed to be instantaneous, leading to equal temperatures in the catalyst and
the liquid phase.

The kinetics are described with the relation presented by Yates and Satter-
field (1991) with the temperature dependency as presented by Maretto and Kr-
ishna (1999):

UPH,PCO
o (6.14)
yrg (1+ wpco)2
1 1

. , a1 6.15

v = 8.8533%10 %exp (4494 41(493.15 T>) o1
1 1

= 222 826 1315 T T !

w 66331’( 8236 <493.15 T>) o

where the reaction rate is given in mols~'m=3.
The change in Gibbs energy of formation of the overall Fischer Tropsch syn-

thesis reaction is calculated by:
AGS,. = 2GS v (6.17)

The values of the Gibbs energy of formation of the individual components under
standard conditions are taken from the ASPEN Plus database. This leads to a
Gibbs energy of formation at 298K of -90 KJ/mol CO. The dependence of the
Gibbs energy of formation on the temperature is given by (Smith and Van Ness,
1987 d(AG/RT) AH

aT = hr2 (6.18)
Using the heat of reaction of the Fischer Tropsch synthesis the change in Gibbs
energy of formation at the reaction temperature can be calculated. De Swart
(1996) states that the heat of reaction for Fischer Tropsch synthesis is 170 kJ/mol
at 220 °C . Application of equation 6.18 gives the change of Gibbs energy of
formation at 220 °C , AG;(220°C') = —260kJ/molCO.

The equilibrium constant of chemical reactions is defined by:

—-AG
RT "’
where K is the equilibrium constant. So at 220 °C , inK = 63.4. Hence one can

conclude that the equilibrium of the Fischer Tropsch synthesis reaction is on the
far right of equation 6.2.

InK = (6.19)
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6.3.5 Remaining design variables

The structure of the process has already been determined. The remaining design
variables are the continuous design variables. The main design variables in this
reaction system are the single pass conversion, the gas cooling temperature, the
gas purge and the pressure. The geometric design variables reactor length and
diameter are determined by the single pass conversion and the capacity respec-
tively.

The gas cooling temperature determines the H, and COrecovery in the gas/
liquid/liquid separator. In order to have a high recovery, the temperature was set
at the lowest temperature that can be achieved with cooling water, 35°C .

The gas purge is set at the value leading to a hydrogen loss of 2% of the fresh
feed.

The pressure is set at 30 bar, corresponding to a typical value for Fischer
Tropsch Synthesis.

This leaves the single pass conversion to be the key design variable. The sin-
gle pass conversion is influenced by the reactor length. Six alternative designs
have been made with varying reactor lengths. Table 6.1 shows the most impor-
tant variables for the various designs. Typical profiles for the C O conversion and

Table 6.1: Alternative reaction section designs.

design | reactor single pass | temperature| reactor gas

length conversion | rise [°C ] capacity

[m] [%] [kmol/s]
A 15 36.8 9.1 59.7
B 18 49.0 114 45.5
C 21 61.5 14.7 35.3
D 24 73.5 17.6 28.1
E 27 82.5 19.5 24.4
F 30 88.2 20.8 22.2

the temperature over the reactor are shown in Figures 6.5 and 6.6. The calcula-
tions are based on reactor A. In the next section the TCA method, developed in
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Figure 6.5: CO Conversion as a function of the reactor length

Chapter 4, will be applied to determine the optimal design from a controllability
point of view. Then this will be validated using the closed-loop controllability
index developed in Chapter 5.

6.4 Application of the TCA method

In Chapter 4 it was shown how the relation between the driving forces and flows
in the system are related to controllability properties, and how this can be used
in the synthesis phase to obtain better controllable processes. In order to apply
this method on the Fischer Tropsch synthesis reactor, one first needs to identify
all physico-chemical phenomena occurring in the reactor. Magnetic and electric
phenomena are not likely to be relevant. Moreover entropy production due to
friction is neglected. So the only phenomena that need to be analysed are heat
transfer, mass transfer and chemical reaction.

Heat transfer The reactor is operated adiabatically. In the radial direction
there is no thermal gradient. In the axial direction there is a thermal gradient.
If design F of Table 6.1 is considered, the thermal gradient is 2.5 x 1076 K ~1m™1!,
A typical value of the heat conductivity coefficient, &, for liquids is 0.1Wm 1K1,
The phenomenological constant for heat transfer is then given by:

L=rkT?=0.1%5182 =2.7x10*WEKm™! (6.20)

118



Application: Fischer Tropsch synthesis reactor

< 522
520
518
516
514
512

temperature (

0 5 10 15
reactor length (m)

Figure 6.6: Temperature as a function of the reactor length

So the heat flux is 0.070Js 'm~2. Hence the entropy production due to heat
transfer is extremely small. Therefore the heat transfer is neglected in our non-
equilibrium analysis for control.

Mass transfer In the system there are various diffusion flows: from the gas
phase to the catalyst, from the gas phase to the liquid phase, from the liquid
phase to the catalyst and inside the catalyst. The Fischer Tropsch synthesis
process is reaction rate limited. Therefore all gradients in chemical potential in
radial direction will be very small. The diffusive flow in radial direction however
cannot be neglected. The overall diffusive flow from the gas phase (via the liquid
phase) to the catalyst is equal to the overall reaction rate. However because of
the small driving force the contribution to the entropy production is negligible.

Just like the heat transfer, the conductive mass transfer in the axial direction
can be neglected compared with the convective flow in the system.

Chemical Reaction Chemical reaction is the essential task of the reactors. Al-
ternative reactor systems should convert the same amount of reactants to prod-
ucts. So the overall flow is specified. The driving force for chemical reaction is
given by: 4y
il

X=F=55 (6.21)
This driving force is in principle a locally defined property. However De Deugd
et al., (2002a) have shown that the composition in the catalyst phase a rather
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constant. This justifies our assumption that the driving force is independent of
the radial position.

Driving Force in Fischer Tropsch synthesis For an ideal component the
chemical potential at an arbitrary temperature, 7', and pressure, p, is given by:

wi(p,T) = G; + RTIn(a;) (6.22)

where G, is the Gibbs energy of formation of component i and «; is the activity of
component i. For an ideal gas this leads to:

i = G¥ + RTlIn(y;) = G + RTIn (%) (6.23)

For an ideal solution this leads to:
pi = G + RTIn(x;) (6.24)

So the driving force for chemical reaction is given by:

AGS, +R > In(y)+R > In(z))
X — gasphase liquidphase 6.25
h ( )
In the case of Fischer Tropsch synthesis the process is a gas/liquid phase process.
Part of the products will predominantly be in the liquid phase. For simplicity it
will be assumed that all components up to Cyy are only present in the gas phase,
and all heavier components are only present in the liquid phase.
Under these conditions the liquid phase composition is independent of the
conversion. The liquid mole fraction of component i is given by:

2= — (6.26)
1-— Z Vj
j=1
Leading to:
RYIn (x]") = —19.3kJ/mol (6.27)

In contrast with the liquid mole fractions, the gas mole fraction are a function of
the conversion. The partial pressures of the products are given by:

2
pi = 75—E&coPco, (6.28)

PIRZ
j=1
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where ¢ is the conversion, and pc o, is the initial partial pressure of CO.

Figure 6.7 shows the resulting driving force as a function of the conversion.
The characters refer to the end point conditions of the designs presented in Table
6.1. From this Figure one can easily conclude that the average driving force

< 0.5
2 04

= A B

§ 02 F
& 01

0 02 04 06 08 1.0
CO conversion

Figure 6.7: Driving force for reaction as a function of COconversion

decreases with increasing single pass conversion. In Chapter 4 it was showed
that for a flow specified process a small (average) driving force is beneficial from a
disturbance sensitivity point of view. Since the Fischer Tropsch synthesis reactor
is flow specified, a long reactor, so a large single pass conversion, is preferred
from a controllability point of view.

In the next section this result based on TCA design rules will be compared to
the results of a controllability analysis method.

6.5 Controllability analysis

6.5.1 Setting up the problem

In principle the closed-loop controllability analysis can be applied on the entire
reactor section. However for practical reasons it was decided to decompose the
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system, as shown in Figure 6.4, in the reactor (with the liquid recycle) and the
gas recycle and only analyse the closed-loop controllability of the reactor, shown
in Figure 6.8. This can theoretically be justified since the faster time constant of
the gas recycle is much larger than the dominant time constant of the reactor.

gas recycle
feed

X0

liquid|recycle

A

Figure 6.8: Reactor system considered in the closed-loop controllability analysis

Determine the Control Degrees of Freedom The control degrees of free-
dom can easily be determined by counting the number of control valves (Luyben
et al., 1999). In this system there are two control valves: the liquid recycle
flowrate and utility flowrate in the heat exchanger. The liquid recycle tempera-
ture can be controlled by the cooling medium flowrate flowing through E1. We
assume that this temperature is directly available as manipulated variable. The
manipulated variables are scaled such that a change in the liquid flowrate of 5%
counts equally as a change of the liquid temperature of 1°C .
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6.5.2 Computational Steps

All designs presented in Section 6.3 were modelled with the full non-linear DAE
model presented in Section 6.3.4. This DAE model is automatically discretized
in the spatial directions by gPROMS, leading to a DAE system. For the Fischer
Tropsch synthesis reactor systems this leads to DAE systems with 196 differen-
tial equations and 1208 algebraic equations. For the closed-loop controllability
analysis a linear(ized) model is required. This model is obtained by applying the
following steps on the DAE model

step 1 The system is linearized around it’s steady-state operation point. This
linearization is carried out using the gPROMS build-in function LINEARIZE
(gPROMS, 2002). This leads to a linear system that can be described with
the standard state space description, with 196 state variables.

step 2 In order to calculate LQG controller function of reasonable dimensions,
first model reduction techniques are applied on the linear models. The
model reduction technique applied is Optimal Hankel norm approximation
(Skogestad and Postlethwaite, 1996). The reduced order of the systems is
30. The model reduction is carried out in MATLAB.

step 3 The reduced models are augmented with Filter models, as described by
equation 5.6.

step 4 The closed-loop variance is calculated according to the procedure pre-
sented in Chapter 5.

6.5.3 Results

The only somewhat arbitrary decision that needs to be made before the closed-
loop variances can be calculated are the weighting matrices ), and @, used in
the design of the LQG controller. In all situations we decided to use diagonal
matrices where all inputs are weighted equally and all outputs are weighted
equally. The weighting matrices can then be represented by:

Qy =M, (6.30)

where )\, and )\, are scalars and I is the identity matrix. To study the influence
of the relative weight of the outputs compared to the inputs, we calculated J for
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Ay = Ay =1, A\, =5, =1and 5\, = A\, = 1. Figure 6.9 shows the closed-loop
variance as a function of the reactor length for the three different tunings. For
all three tunings the results have been normalized such that the reactor with a
length of 15 m has a closed-loop variance of 1. Figure 6.9 clearly shows that the

Py=5py
—a— py=pu
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Figure 6.9: Closed-loop variance as a function of the reactor length

closed-loop variance is better for longer reactors. This trend is independent of
the tuning. So a reactor with a high single pass conversion is preferred from a
closed-loop controllability point of view. This confirms the findings of the TCA
method

6.6 Conclusions

The non-equilibrium thermodynamic approach and the closed-loop controllabil-
ity measure have been applied to the case study introduced in this section: Fis-
cher Tropsch synthesis. With little input information available already quite a
detailed non-equilibrium thermodynamic model of the process could be made.
With this one can easily conclude that a long reactor, with a high single pass
conversion, is desirable from a controllability point of view.

This conclusion was validated using closed-loop controllability calculations.

124



Application: Fischer Tropsch synthesis reactor

These calculations were based on a realistic dynamic model of the system. The
conclusions of this validation fully supported the design statements based on
non-equilibrium thermodynamics.

Notation

Roman symbols

chemical affinity
interfacial area
concentration

heat capacity

diameter

diffusion coefficient
friction factor

Gibbs energy

enthalpy

equilibrium constant

mass transfer coefficient
phenomenological constant
catalyst layer thickness
mole fraction

distribution coefficient
(partial) pressure
weighting matrix

gas constant

reaction rate

temperature

time

velocity

reaction rate variable
reaction rate variable
driving force

mole fraction in vapour phase
mole fraction in liquid phase
spatial coordinate

R ME TS T 3O I T RIQTOSS S
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Greek symbols

« chain growth probability
€ fraction

K heat conductivity coefficient
A tuning parameter

I chemical potential

v stoichiometric coefficient
£ conversion

p density

Subscripts

g gas phase

gl gas-liquid

gs gas-solid

1 component i

l liquid phase

ls liquid-solid

n carbon number

u inputs

Y outputs

126



Integrated design of a peri-
odic operating Fischer Trop-
sch synthesis process'

A significant improvement of the performance of processes can sometimes be o0b-
tained by the integrated design of a process with its operational policy. In this
Chapter an integrated design problem for a periodically operated process is pre-
sented. This problem gives rise to a dynamic optimization problem. The solution
yields the optimum combination of process design (structure and sizing) with the
periodic trajectories. The integrated design is carried out for a periodically op-
erated Fischer-Tropsch synthesis reaction. The model is isothermal. The results
shows that with this approach the diesel selectivity can be increased from 38 % (in
optimized steady state operation) to 52 %. The robustness of this solution with re-
spect to model uncertainties and simplifications still needs further investigation.

tParts of this Chapter have been published by De Deugd et al. (2001) and
Meeuse et al. (2001)
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7.1 Introduction

The integrated design of a process system involves the designs of its main inter-
acting constituents: the operational policy, the process and the control. As out-
lined in Chapter 3 of this thesis making the designs simultaneously is usually too
demanding (with the current state-of-the-art in modelling and computing). In in-
dustrial practice the design is often decomposed in three sequential design steps
with iterative passes between these designs to achieve feasible solutions. The
preceding chapters in this thesis focused on methods to achieve a better integra-
tion between the process and the control designs. Controllability was explicitly
addressed in the process synthesis and analysis stages of the process design as to
create favourable conditions for the design of a well functioning control system.
No attempt was made to include the operational policy in this design process
as well. It was assumed that the plant is operating in some steady state mode
and that the control system should be capable of rejecting the influences of dis-
turbances. The potential economic gain from the joint designs of a process and
the operational policy was not exploited. Yet, it is known that dynamic modes of
operation for a continuous plant can bring significant benefits.

This Chapter will deal with the integrated design of continuous processes
with a particular class of dynamic behaviour: periodic operation. In a periodic
operated process one or more manipulated variables are forced to follow a tra-
jectory in time. Two types of periodic processes can be distinguished. One type
is of the "action-regeneration” type, where the operation alternates between two
stages. In the first stage the process is in a steady production action, but grad-
ually deposits are being built up (with rather slow dynamics) till a saturation
point. These deposits are removed in a regeneration stage of relatively short
duration, in which production is suspended. The combination of an active and
a regeneration stage form the period of the process (e.g. regeneration of ther-
mal cracking furnaces). This type of periodic operation is not considered in this
Chapter. The focus is on the other type of periodic operation, in which production
is continuous but transient with periodic repetition of the processing conditions
by external forcing. An example in this class of periodic operation is the reverse
flow reactor. The incentive for this type of periodic operation is that the transient
operated process can have larger time averaged product yields than possible for
the optimized steady state operation. This phenomenon is called resonance (Van
Neer, 1999). Silverston et.al. (1995) and Stankiewicz and Kuczynski (1994) have
presented overviews of processes that benefit from periodic operation.
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In contrast to steady state continuous processes, very little has been pub-
lished about model based process design for periodic operated continuous pro-
cesses, where both the process and the periodic operation are treated simultane-
ously. For a given design of a process for periodic operation, finding the optimum
control reference signals leads to a so-called optimum control problem. When the
process is designed simultaneously with the control reference signals to find an
time averaged optimal performance, additional degrees of freedom appear rela-
tive to the design of the process. So, the integrated design of the process and the
control reference signals leads to dynamic optimization problems.

The control reference signals define the optimal periodic operations. How-
ever, it should be noticed that this integrated design of process and periodic op-
erations does not account for the presence of disturbances that might detract
the process from the optimal trajectories. In the sequential design approach the
second phase of design should consider whether to adapt the process design to
achieve sufficient controllability for disturbance reduction along the optimal pe-
riodic trajectories. The issue of design for controllability for transient operation
is not covered in this thesis. It is an increasingly relevant problem for batch,
periodic and mode switch operations, but the research on this topic is still in its
infancy.

The Fischer Tropsch synthesis reaction is a system that can potentially ben-
efit from periodic operations. The process models which are presented in section
7.3, form the basis for the integrated design problem as formulated in section
7.4. Then the solution approach to and the results of the integrated design of the
periodically operated Fischer Tropsch synthesis reaction will be presented and
analysed.

7.2 Periodic operation of Fischer Tropsch synthe-

S1S

The Fischer Tropsch synthesis was already introduced in Chapter 6. The pro-
cess converts synthesis gas into straight chain hydrocarbons. Nowadays there is
substantial industrial interest in the process. The main reasons for this are:

e the products of the Fischer Tropsch synthesis are sulphur free

e the process enables one to utilize associated gas from oil fields and remote
gas sources via gas to liquid technology
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e it provides the possibility to use natural gas, coal and biomass for trans-
portation fuels.

By static operation, the maximum achievable selectivity towards diesel is 38
%. Several alternative methods are available to increase this selectivity. In
the Shell Middle Distillates Synthesis process (SMDS) the diesel fraction is in-
creased by first producing predominantly heavy products that are subsequently
hydro-cracked into the desired product spectrum (Sie, 1998). Figure 7.1 gives a
block diagram of the resulting process.

hydrogen ‘
i —>
—p| Fischer Tropsch »| Hvdrocrackin > o
synthesis Y g Distillation |
thesi
PR T | products

Figure 7.1: Simplified flow-scheme of the SMDS process.

An alternative way would be to increase the selectivity by dynamic opera-
tion. The basic idea is to periodically switch between a feed with a low hydro-
gen/carbon monoxide ratio and a feed with a high hydrogen/carbon monoxide ra-
tio. During the low ratio period predominantly chain growth takes place, while
the high ratio is in favour of chain termination.

In the literature some indications can be found that periodic operation indeed
has an influence on the product distribution of the Fischer Tropsch process, but
no work in the field of optimizing the diesel fraction, or model based studies for
this process were found. Adesina et al. (1995) presents an overview of the ex-
perimental work on periodic operation of Fischer Tropsch synthesis. The recent
work of Nikolopoulos et al. (2001) indicates that especially the diesel fraction
(C19-Csyp) can be increased by periodic operation.

Van Neer (1999) has investigated the requirements for resonance in catalytic
processes. Two phenomena for catalytic processes that are sufficient to obtain
such resonance phenomena are presented:

e The sorption behaviour of the forced reactant must be at least as fast as the
sorption of the other reactant involved.
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e The surface of the catalyst has to be almost totally occupied at steady-state
in the considered concentration range.

Since the two conditions mentioned above are satisfied in the Fischer Tropsch
synthesis process it is expected that a higher selectivity can be obtained by dy-
namic operation. In this work the possibilities for increasing the diesel selectivity
are investigated based on a model based dynamic optimization approach.

7.3 Process Model

The modelling consists of two parts: the kinetic model and the reactor model.

Kinetic model In the literature there is no general consensus about the reac-
tion mechanism. All the reactions modelled are shown in the mechanism shown
in Figure 7.2. This model consists of molar balances for paraffins and olefins up
to C21. All heavier components are lumped into a heavy fraction. It is mainly

Hy(g) +=—=2H"

H H . o
coO (g)ﬁ (o} & CH" & CH,’ CHy’ L?CHAQ)
" CHZ*
(@) H N N
" — & ;
C,H,(g) +——= CH, C,Hs C,Hq(9)
OH CH,’
H R il
C;Hqg(9) — CsHsﬁ& C3H7*L>C3Hs(g)

H,O .
l CH, N

Figure 7.2: Reaction mechanism.

H
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based on the work of Dry (1996) and Van der Laan (1999). Hydrogen and car-
bon monoxide adsorb dissociatively on the catalyst surface. The oxygen reacts in
two steps to water. The adsorbed Carbon reacts with the adsorbed hydrogen to
the carbide intermediate that serves as building block. Chain growth occurs due
to the reaction of the adsorbed chain with the adsorbed carbide building block.
Termination occurs either to paraffins or olefins.

Kinetic parameters For the kinetic model two types of parameters are re-
quired: rate constants and surface coverage fractions of the various components.
In the literature no complete set of parameters for this model can be found.
Therefore the estimation of parameters for this model is a combination of various
literature sources. A detailed description of all parameters with their numerical
value is presented in De Deugd et al. (2001).

Reactor network model Feinberg and Hildebrandt (1997) showed that the
only reactor types required to access all possible compositions for a given reac-
tion mechanism are the plug flow reactor, the CSTR reactor and differential side
stream reactors. For simple reaction mechanisms heuristics exists that guide the
designer to the optimal reactor from a conversion or selectivity point of view. For
more complex reactions, the reactor configuration can be found by superstructure
optimization.

In this work we modelled both the plug flow reactor and the differential side
stream reactors by a number of CSTR reactors in series. In order to get the real
plug flow or cross flow reactor behaviour, the number of CSTR reactors should
be infinite. However a couple of reactors already give quite realistic approxima-
tions. In line with Floudas (1995) we use five reactors. Figure 7.3 shows the
reactor network superstructure; in line with Floudas (1995) the superstructure
contains 5 reactors in series that can represent a plug-flow or differential side-
stream reactors, and one CSTR reactor in parallel. The binary variables pertain
to the existence of the reactors R2 t/m R6 (04,re — 04,re), and the existence of
side feeding (04, r2 — 04,r5) and product removal (64 p1 — 04,p4). They can only
have the values 0 and 1. The continuous design variables are the volumes of the
reactors R1 t/m R6, the side feeding flows, the product removal flows, and the
feed profile. An example of the integer modelling is the following relation for the
flow into reactor 2:

Froin = 0d,r2 * (FR1,0ut + 0d,F2 * Fra — 0gq.p1 % Fp1) (7.1
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Feed

[

Products

Figure 7.3: Reactor network superstructure.

with the integer constraints:

O4,F2 < O4R2 (7.2)
oa,p1 < OdR2 (7.3)

This describes how the inlet flowrate of reactor two is a function of the existence
of reactor two (o4 r2), the existence of the side feed (o4 r2) and the product re-
moval after reactor 1 (o4 p1).

In the whole superstructure the pressure and the outlet flowrate are main-
tained constant by adapting the inlet flowrate.

Although the Fischer Tropsch process is highly exothermal, the reactor is
assumed to be isothermal. It is assumed that all the heat can be transferred to a
cooling medium, e.g. boiling feed water that is flowing through cooling tubes.

7.4 Problem formulation

The objective is to maximize the diesel selectivity over a full cycle. The diesel
weight fraction is defined as the sum of the weight fractions of the paraffins and
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olefins from C10 till C20. The time average diesel fraction is given by:

f ¢m,dieseldt
cycle

(7.4)

Jdiesel = ’
f ¢m,hydrocarbonsdt

cycle

where Jg;cse; is the weight fraction diesel, ¢, dieser 18 the mass flow diesel and
®m, hydrocarbons 18 the total hydrocarbon mass-flow.

The optimization variables are the discrete design variables defining the re-
actor network, and continuous variables describing the flows in the system, the
reactor volumes and the feed profile.

The model can mathematically be described as:

0= f(j:d(t)vId(t)7za(t)au(t)70—mad),

0 = glzalt). za(t), u(t), 0, 00), (75

where x are the differential states, z are the algebraic states, u are the time vary-
ing control parameters, o, are the time invariant continuous design variables, o4
are the time invariant binary design variable, f are the differential equations, g
are the algebraic equations
This leads to the following mathematical problem formulation for the inte-
grated design problem:
min J((T), 2(T),w(T), 00,04, T)

u(t),0c,0q,T

s.t. z(t) = f(z(t), 2(t), u(t), 0c,04), VEe[0,T],
0= g(z(t), 2(t),u(t), 0, 0a), vtelo,T],
0 < h(x(T),2(T),w(T),00,04), (7.6)
0 =p(o,04),
0 S Q(Uc,Ud)»
0=2(0) —2(T),
0= u(0) — u(T).

where J is the objective function, / are the end-point constraints, p and ¢ are the
time-invariant equality and inequality constraints. The last two relations are
the conditions for periodicity (Ding and LeVan, 2001).

The periodic operation was implemented using a block profile for the feed
composition. Figure 7.4 gives such a typical profile. This profile is described by
four parameters: cycle time, pulse time, base ratio and peak ratio. The total inlet
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Figure 7.4: Feed profile.

flow-rate is adapted such that the pressure in the reactor and the outlet flow-rate
are maintained constant. The feedprofile is modelled as follows:

ratio = L1 + (Ls — Lq) * {0.5 * tanh (Sin (t *TQW — 7T) — ﬁ) + 0.5} , 7.7)

where ratio is the feed ratio, L is the base ratio, L, is the pulse ratio, ¢ is the
time, T is the period length and [ is a variable used for setting the pulse length.

7.5 Solution approach

A dynamic model of the system was implemented in gPROMS (gPROMS user
guide, 2002). The problem is a mixed integer dynamic optimization (MIDO) prob-
lem (Bansal, 2000). The basic solution approach is to iterate between a primal
problem where all continuous variables are allowed to vary and the integer vari-
ables are fixed, and a master problem, where the integer variables are varied.
The primal problem will give a lower bound to the solution whereas the master
problem will give an upper bound. Convergence is obtained when the upper and
lower bounds cross. In Appendix B a more detailed description is given.

The time varying control parameter in this system is the inlet feed composi-
tion. We applied control vector parameterization to discretize this time varying
parameter.

Periodicity conditions A periodic state in a system can be described by the
condition that all state variables at the beginning of the period have the same
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value as they have at the end of the period:
0=2x(0) —z(T), (7.8)

and
0 =u(0) —u(T). (7.9)

The constraint on the inputs can be imposed on the system. We can define the
error in the state variables, e, simply as:

e=x(T,) — x(Tht1) (7.10)
We applied two different types of techniques to solve the system:
1. Direct substitution
2. Shooting techniques

The basic idea of direct substitution is to start the next period with as initial
conditions the state at the end of the previous period. When a complete cycle of
the process is expressed mathematically as a function F:

2(Tps1) = F(a(T))), (7.11)

the direct substitution method can be seen as applying the function F as many
times as required to make the error e small enough. The main benefit of this
method is that it is easy to implement. The main disadvantage is that the num-
ber of periods required to obtain periodicity can be very large.

In the shooting techniques (Ding and LeVan, 2001) the initial state conditions
are treated as optimization variables that vary until the periodicity condition is
satisfied. Different techniques could be used to update the initial conditions.
Compared to the direct substitution approach the main advantage is that con-
vergence could be achieved much faster. However when the number of states in
the system becomes very large, this method may not work properly since it relies
on matrix inversion and requires the satisfaction of a large number of constraints
in multicomponent reactor systems.

For the shooting method we added the initial conditions of the systems to the
optimization variables in the gOPT file. The periodicity condition was added as
an additional constraint. So the optimization problem was solved simultaneously
with the periodicity problem. However this lead to an optimization problem with
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over 600 design variables and over 600 end point constraints. This is beyond the
capabilities of the software used. Moreover, for a smaller system (a single reactor
with a little over 100 design variables end point constraints) the computation
times were considerable higher then when applying the direct substitution. For
the direct substitution we applied the following method: In the optimization runs
the system is initialized in a feasible point. Then the block profile is applied to
the system. After N cycles we assume that the system is in a forced limit cycle.
At the optimum, the periodicity condition is checked. If this condition is not
satisfied, the number N is increased and the optimization is done again.

7.6 Results

The system was initialized with the single CSTR reactor. Table 7.1 shows the

Table 7.1: Results of MIDO calculations

1st iteration 2nd iteration
Structure
reactors R1 R1, R2, R3, R4,R5
feed to R1 R1
product removed from R1 R5
primal solution 494 51.9
master solution 54.2 51.7

values of the primal and master problem. After two iterations, convergence was
achieved since the master problem solution crossed the primal solution. The se-
lectivity in the optimum solution is 51.9%. This is a very significant increase
compared with the 38% optimum selectivity under static operation. Figure 7.5
shows the optimal reactor network, together with the residence times in the re-
actors. The corresponding optimum feed profile has a total period of 1.05 * 10%s,
with a pulse time of 9.510%s. This shows that the optimum reactor configuration
is a CSTR reactor, followed by a relatively small plug-flow reactor. Side-feeding
and product removal do not contribute to the selectivity in this system.
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Figure 7.5: Optimum reactor superstructure.

7.7 Conclusions

In this work the integrated design of a reactor network for Fisher - Tropsch syn-
thesis is achieved using an optimization-based methodology. The system oper-
ates under transient periodic conditions due to forced feed component ratio vari-
ations. The objective is to increase the diesel production. Therein, a dynamic
optimization framework is employed for identifying not only the optimum feed
ratio time profile but also the appropriate reactor type and reactor unit configu-
ration that maximize the diesel selectivity. A set of binary variables are thus in-
troduced, for representing the discrete decisions about the unit topology, thereby,
resulting a mixed integer dynamic optimization (MIDO) formulation. The solu-
tion of this problem is accomplished with recently developed optimization tech-
niques. The results are extremely encouraging since a 37% increase in the diesel
selectivity is achieved.

Several aspects of the model require further investigations. The major as-
sumptions are:

e mass transfer is ignored
e the energy balance is ignored

e assumptions on the kinetic parameters
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It is generally known that the Fischer Tropsch process is reaction rate limited,
rather then mass transfer limited. Therefore this mass transfer assumptions
seems to be not very restrictive.

As already indicated in Chapter 6, the Fischer Tropsch process is rather
exothermal. In the model heat effects are ignored. The effect of considering
these heat effects on the model should be investigated. When thermal effects are
considered, optimization of the temperature profiles could also be investigated.

In this work the integrated design is done for the nominal system only. The
robustness of the solution with respect to disturbances is not investigated. It is
not unlikely that adaptation of the economic driven design could be better suited
to attenuate disturbances along the periodic trajectories, just like it is for the
steady-state continuous processes. However the standard available methods for
steady-state continuous processes cannot be applied on this system. Therefore it
is recommended to study the controllability along the dynamic trajectories in the
future.
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Outlook

In Chapter 1 the general problem definition that initiated this thesis was pre-
sented, with a division into three dimensions. In this Chapter the results obtained

in this thesis will be put into perspective according to these three dimensions. Rec-
ommendations for future developments are also presented.
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The control performance of a chemical process is determined by a combination
of the operational policy, the process and the control system. In Chapter 1 we
defined the following problem definition:

How do process design decisions influence the achievable control per-
formance of the system in the conceptual phase of the design?

Then the problem is explored in three dimensions:
e What improvements in the design process itself are needed?

e Are improvements applicable to realistic situations; i.e. to a novel process
with high economic impact?

e Can dynamic modes of operation be included?

The Chapters 2 - 7 give a partial answer to this central research question by ex-
ploring these three dimensions. Now the accomplishments and some remaining
issues will be presented for arranged according to these dimensions.

Improvements in the design process itself

In Chapter 3, two main directions were identified related to this main problem,;
anticipating sequential design and simultaneous design. This work is mainly
focussed on the anticipating sequential design.

In Chapter 2 the basic cycle of design was introduced. This cycle describes
four steps occurring in actually all design tasks: formulation, synthesis, analysis
and evaluation. These four steps will now be discussed.

Formulation In the formulation step the problem is defined. In this thesis the
formulation step is only touched upon implicitly. Aspects that should be included
in the formulation step are: selection of the disturbance scenario’s, selection of
controllability indices to be used and, discission making criteria. In the examples
of the distillation column and the Fischer Tropsch synthesis all these issues are
discussed.

The seemingly conflicting results on the optimal controllability of distillation
systems by Govtsmark and Skogestad (2002) with the results presented in this
thesis are also mainly due to a different problem formulation.
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Synthesis In Chapter 4 a first attempt is made to consider controllability al-
ready in the synthesis phase. The TCA approach combines the concept of passiv-
ity with non-equilibrium thermodynamics. This leads to design guidelines to find
processes with optimal controllability. The development of the design guidelines
was based on systems with one dominant flow and force only. The case studies on
which this method has been applied were limited to simple units, rather then en-
tire processes. For this method there are several recommendations. The theory
has to be further investigated in order to be able to consider more complex sys-
tems with more than one dominant driving force and flow. Then the method can
be tested on more complex systems, integrated units like reactive separations
and complete processes. Moreover it is recommended to integrate the method in
an algorithmic framework. When entropy balances are included in the models
this would allow a direct evaluation of the entropy production rates and hence of
the controllability of the system.

Analysis The controllability analysis tools described in Chapter 5 have some
significant benefits compared to the previously available indices. Both the closed-
loop controllability indicator and the dynamic relative gain array do not rely
on unrealistic assumptions with regard to the type of control to be applied. A
possible further extension of the closed-loop controllability indicator would be
to use a full model predictive controller (MPC) to determine the controllability.
Advantages of this would be that constraints can be handled effectively and that
the controllability analysis is done using similar criteria as will be done during
operation. (Linear) MPC is nowadays a mature area. Obviously the calculational
expenses will be significantly higher than by the use of the RGA or the condition
number. However because of the continuous increase in computer speed this does
not seem to be prohibitive.

The design of a distillation column served as a case study for both the TCA
approach and the closed-loop controllability. The results of both methods are
consisted: a decreasing number of trays of a distillation column leads to a better
disturbance sensitivity.

Evaluation In the evaluation step the designer needs to make a decision about
which alternative to select. A rational choice of a designer would be to select the
alternative that has the best economic performance over the entire life-cycle,
while satisfying environmental and safety constraints. The controllability of the
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process certainly contributes to the economic life-cycle performance. In the si-
multaneous approach for process and control system design the effect of dis-
turbances and control on the economics is directly taken into account. In the
sequential approaches a trade-off needs to be made between the value of the
controllability indices and the steady-state economics. This pre-assumes that a
better controllable plant has an economic benefit. In Chapter 5 we have shown
how the, newly introduced, closed-loop controllability index can be related to the
economics. For other indices the relation with the economics seems to be lacking.
All these contributions are basically contributions aimed at the anticipating
sequential approach towards process design and control system design. However
they are also helpful for the simultaneous approach since they can reduce the
number of alternative options to be embedded within the superstructure.

Application to a novel process

Fischer Tropsch synthesis is a process of (renewed) significant industrial impor-
tance. A novel reactor type for this process is a monolithic reactor. The main
benefits of this reactor is the short diffusion length combined with a small pres-
sure drop. This has lead to the development of a monolithic reactor for Fischer
Tropsch synthesis at Delft University of Technology. This was a superb oppor-
tunity to consider controllability issues from the earliest design stages on. In
Chapter 6 it was shown how the newly developed tools are applied on the de-
sign of a monolithic reactor for Fischer Tropsch synthesis. The design guidelines
based on TCA and the closed-loop controllability analysis consistently point into
the same direction for this reactor design.

It is recommended to make such a controllability study a standard aspect in
the development of novel units and processes.

Wider sets of operating modes

The majority of chemical processes are steady-state continuous processes. How-
ever sometimes different operational policies can contribute significantly to the
performance of the system. Therefore the operational policy should be consid-
ered explicitly simultaneously with the process design and ideally combined with
the control system design. In this work a first step in this direction is made by
making an integrated design of the operational policy and the process for the
periodically operated Fischer Tropsch synthesis process. It was shown that for
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the Fischer Tropsch process periodic operation offers significant increase in the
achievable selectivity towards diesel; from 38% by static operation to 52% by
periodic operation.

In this work the integrated design is done for the nominal system only. The
effects of disturbances acting on the system along the periodic trajectories are not
investigated. Design for good controllability for this type of dynamic operation
modes would be a very interesting future development.
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Mixed Integer Dynamic
Optimization

A.1 Problem formulation

Mathematically the Mixed Integer Dynamic Optimization (MIDO) problem can
be formulated as (Bansal, 2000):
min J(z(T)7Z(T)7U(T)a0650d7T)

w(t),oc,0q,T
s.t. z(t) = f(z(t), 2(t), u(t), 0¢,04), VEe[0,T],

t),u(t),oc, 04), Vtelo,T],
0 < h(x(T),2(T),uw(T),0c,04), (A.1)
0 =p(oc,04),
0 < g(oc,0a),
0=z — z(0),
0 = ug — u(0).

where z(t) are the state variables, z(t) are the output variables, u(t) are the in-
put variables, o. are the continuous design variables, o, are the discrete design
variables, J is the objective function, f are the differential equations, g are the al-
gebraic equations, h are the end-point constraints, p and ¢ are the time-invariant
equality and inequality constraints, z( are the initial conditions and u are the
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initial values of the input variables. Note that the input variables include both
the manipulated variables and the disturbance scenarios.

For periodic operation, the problem formulation is almost the same as for the
standard mixed integer dynamic optimization problem. The only difference is
that the initial conditions are now used to guarantee periodicity:

min J(x(T),2(T),u(T),00,04,T)

u(t),0c,0a,T

s.t. z(t) = f(x(t), 2(t),u(t),oc,04), Vtel0,T],
0=g(z(t), 2(t),u(t), o, 04), vtel0,T],
0 < h(z(T),2(T),u(T), 0. 04), (A.2)
0 :p(O'C,O'd),
0 < q(oc,04),
0 =(0) — z(ty),
0 = u(0) — u(ty).

A.2 MIDO solution algorithm

An overview of Mixed Integer Non Linear Programming (MINLP) algorithms is
presented by Floudas (1995). The algorithm that is central to the MIDO algo-
rithm used in this work is the Generalized Benders Decomposition (GBD). The
basic idea of GBD is to determine two sequences of updated upper and lower
bounds where the upper bounds are non-increasing and the lower bounds are
non-decreasing. The solution is achieved when the upper and lower bounds have
converged within e. The upper bound are determined by solving smaller prob-
lems where only the continuous variables are allowed to vary. This is called the
primal problem. The lower bounds are based on duality theory (Floudas, 1995)
and called the master problem.

Bansal (2000) has presented the following procedure for Mixed Integer Dy-
namic Optimization:

1. Set the termination tolerance, ¢. Initialize the iteration counter, ¥ = 1;
lower bound, LB = —oo; and upper bound, UB = co.

2. For fixed values of the integer variables, y = y*, solve the kth primal prob-
lem to obtain a solution, J*. Omit the search variables and constraints
that are superfluous due to the current choice of integer variables. Set
UB = min(UB, J*) and store the continuous and integer variables corre-
sponding to the best primal solution so far.
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3. Solve the primal problem at the solution found in step 2 with the full set of
search variables and constraints included. Convergence will be achieved in
one iteration. Obtain the Lagrange multipliers needed to construct the kth
master problem.

4. Solve the kth master problem to obtain a solution n*. Update the lower
bound, LB = n*.

5. IfUB — LB < ¢, or the master problem is infeasible, then stop. The optimal
solution corresponds to the values stored in step 2. Otherwise set k = k+1,
yF*1 equal to the integer solution of the kth master problem and return to
step 2.
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Design of the Internal Model
Controller

The IMC design consists of two steps:

1. Decomposition of the plant model, P into an invertible part and a part that
cannot be inverted.

2. Design of a filter F such that the controller becomes proper.
The plant model is first decomposed according to (11):
P =P PP (B.1)

where P, is selected to make P~1P, realizable and P, is selected to make
P-1P.,P,, stable. The following two steps are now required:

e The transfer matrix P, is selected to be diagonal, as described by Morari
(1983) and Garcia and Morari (1985).

e For the matrix 75+2, an inner/outer factorization (Morari and Zafiriou, 1989)
is applied.

The filter is required to make the system proper. The typical filter used in

IMC is given by:
1
= B.Z
F CEG (B.2)
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where 7 is selected large enough to make FP~! proper. The parameter e is a
tuning parameter. This parameter can be used to trade-off performance vs. ro-
bustness. The transfer matrix Q now becomes FP_!.
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Summary

Traditionally, process design and control system design are carried out sequen-
tially. The premise underlying this sequential approach is that the decisions
made in the process design phase do not limit the control design. However, it
is generally known that incongruent designs can occur quite easily. In the liter-
ature two different classes of approaches are being described that consider the
control performance of the design alternatives from the earliest design stages: (i)
Anticipating sequential approaches where process design and control system de-
sign are still carried out sequentially, but in anticipation of the control design the
controllability properties of the process are taken into account during the process
design phase. (ii) Simultaneous approaches. In the simultaneous approach the
process design and the control system design are carried out simultaneously.
This work is focused on the first approach. Tools and methods are presented
that can assist the process designer in designing processes that are well control-
lable. The control system design still needs to be carried out afterwards, but the
process designer has already anticipated on it. The methods and tools presented
in this thesis are aimed at the different stages of the conceptual process design
phase: formulation, synthesis, analysis and evaluation. Primarily the synthesis
and the analysis phases will be addressed to overcome some of the limitation of
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the anticipating sequential approaches. Since most industrially scale processes
operate in a steady state this mode of operation has been the reference for this
research. However as dynamic modes of operation are becoming more important,
an exploration was made of the potential of periodic operation of Fischer Trop-
sch synthesis. This has led to the following methods and tools for steady-state
operation.

Thermodynamic Controllability Assessment A novel method is presented
that enables the designer to consider controllability issues in the synthesis stage
of the conceptual process design phase. The method, called Thermodynamic
Controllability Assessment (T'CA), is based on non-equilibrium thermodynam-
ics. The basic idea is that processes can be described by fundamental driving
forces and flows using non-equilibrium thermodynamics. The essence of concep-
tual process design then becomes establishing the relations between the various
driving forces and flows. The entropy production in a system is also a function of
the flows and driving forces. In this thesis we have shown how the disturbance
sensitivity of processes is related with the sensitivity of the entropy production
with respect to the disturbances. Based on this guidelines were formulated about
how to establish the relation between flows and forces such that the disturbance
sensitivity is minimized. These guidelines for flows or forces translate into clear
choices for design parameters such as areas, volumes and number of trays. The
effectiveness of this TCA method was tested by means of conventional unit oper-
ations, with positive results.

Controllability analysis methods Two novel controllability analysis meth-
ods were developed. The first method is closed-loop controllability analysis. This
method compares the optimal closed-loop performance of processes exposed to
stochastic disturbances scenarios. The main benefit of this method is that it
compares alternative designs based on the closed-loop performance without un-
realistic assumptions with respect to the type of control to be applied. Moreover
this method has a clear physical interpretation.

The second controllability analysis method is a time-domain dynamic inter-
action analysis method. This is an extension of the Relative Gain Array (RGA).
The open-loop and closed-loop time responses of a system, due to a step change
in a manipulated variable are compared. The closed-loop response is determined
based on the optimal achievable behaviour using an Internal Model Controller.
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Of each potential control pairing, the open-loop and closed-loop responses are
graphically represented. This can then guide to find the optimal pairing. The
main benefits over existing methods are that the analysis can be done in the
time-domain and without unrealistic assumptions on the controller.

Monolithic reactor for Fischer Tropsch synthesis To apply the newly de-
veloped methods and a process with significant potential was chosen: Fischer
Tropsch synthesis. Fischer Tropsch synthesis is a process to convert synthesis
gas, a mixture of Hy and CO,converted in straight-chain hydrocarbons. A novel
reactor type that is promising for Fischer Tropsch synthesis is a monolithic re-
actor. The most important design degree of freedom for this reactor is the single
pass conversion, related to the reactor length. Both the TCA method and the
closed-loop controllability indicator have been applied on the monolithic reactor.
Both methods show that, from a controllability point of view, it is desirable to
operate with a high single pass conversion. So a long reactor with a rather small
syngas gas recycle is preferred.

Periodic operating processes All methods that were presented above are de-
veloped for steady-state continuous processes. Also different operational modes
are industrially used, e.g. periodic operation of a continuous processes. The
time averaged selectivity or yield can sometimes be increased over the maxi-
mum achievable value by steady-state operation. An integrated design is made
of the periodic operated Fischer Tropsch synthesis process, under some idealized
conditions (isothermal model, no mass transfer limitations). The maximum se-
lectivity towards diesel can be increased from 38% by static operation to 52% by
periodic operation.
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Samenvatting

Traditioneel worden procesontwerp en regelsysteemontwerp sequentieel uitge-
voerd. Deze aanpak veronderstelt dat het procesontwerp onafthankelijk van het
regelsysteemontwerp kan worden gemaakt. Het is echter algemeen bekend dat
ontwerpbeslissingen gemaakt in de procesontwerpfase, het uiteindelijk haalbare
regelgedrag weldegelijk beinvloeden. In de literatuur worden twee verschillende
klassen van methodes beschreven voor de integratie van procesontwerp en regel-
systeemontwerp: (i) anticiperende sequentiéle methoden waarbij procesontwerp
en regelsysteemontwerp nog steeds sequentieel worden uitgevoerd, maar dat
regelbaarheidseigenschappen van het proces wel meegenomen worden tijdens
het procesontwerp, (ii) simultane methoden. Bij de simultane methoden worden
procesontwerp en het regelsysteemontwerp tegelijkertijd gedaan.

Dit werk is gericht op de eerste aanpak. Tools en methoden worden gepre-
senteerd die procesontwerpers helpen bij het ontwerpen van processen die goed
regelbaar zijn. Het regelsysteem moet nog steeds achteraf ontworpen worden,
maar de procesontwerper heeft er al op geanticipeerd. De methoden en tools ge-
presenteerd in dit proefschrift zijn gericht op de verschillende fasen van het con-
ceptuele procesontwerp: formulering, synthese, analyse en evaluatie. Vooral de
synthese en analyse fase zijn onderzocht om beperkingen van de huidige metho-
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den te overkomen. Aangezien de meeste industriéle processen in een steady state
opereren is steady state operatie de basis van dit onderzoek. Dynamisch oper-
eren wordt echter steeds belangrijker, daarom is er ook een verkenning uitge-
voerd naar het potentieel van periodiek opereren bij Fischer Tropsch synthese.
Dit alles heeft geleid tot de volgende tools en methoden voor steady state pro-
cessen.

Thermodynamische Regelbaarheidsanalyse

Een nieuwe methode is gepresenteerd die de ontwerper de mogelijkheid geeft om
regelbaarheideigenschappen al in de synthese fase van het conceptuele proceson-
twerp toe te passen. Deze methode, genaamd Thermodynamic Controllability
Assessment (TCA), is gebaseerd op niet-evenwicht thermodynamica. Het basis
idee is dat processen met niet evenwicht thermodynamica beschreven kunnen
worden door fundamentele drijvende krachten en stromen. De essentie van pro-
cesontwerp is dan het bepalen van de relaties tussen de stromen en de krachten.
De entropie productie in een systeem is ook een functie van de stromen en drij-
vende krachten. In dit onderzoek laten we zien hoe de verstoringsgevoeligheid
van processen gerelateerd is aan de gevoeligheid van de entropie productie als
gevolg van verstoringen. Aan de hand hiervan zijn richtlijnen geformuleerd over
wat de optimale relatie is tussen krachten en stromen uit het oogpunt van ver-
storingsgevoeligheid. Deze richtlijnen vertalen zich in duidelijke keuzes voor
ontwerpvariabelen zoals oppervlakten, volumes en schotel aantalen. The effec-
tiviteit van de TCA methode is met succes getest op een aantal conventionele
unit operations.

Regelbaarheidsanalyse methoden

Twee nieuwe regelbaarheids analyse methoden zijn ontwikkeld. De eerste meth-
ode is gesloten lus regelbaarheid. Deze methode vergelijkt het optimale gesloten
lus gedrag in aanwezigheid van stochastische verstoringen van alternatieve pro-
cesontwerpen. Het belangrijkste voordeel van deze methode is dat verschil-
lende ontwerpalternativen vergelijken kunnen worden op basis van het gesloten
lus gedrag zonder onrealistische aannames over het soort van regelsysteem dat
wordt toegepast. Ook is deze methode eenvoudig fysisch te interpreteren. De
tweede regelbaarheids analyse methode is de dynamische interactieanalyse in
het tijdsdomein. Dit is een uitbreiding van de RGA. De open lus en gesloten lus
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tijd responsies als gevolg van een stap van een gemanipuleerde variabel worden
vergeleken. De gesloten lus responsie wordt bepaald gebaseerd op het best mo-
gelijke regel gedrag met een Internal Model Controller. Van elke paring worden
de open lus en gesloten lus responsies grafisch tegen elkaar uitgezet. Aan de
hand hiervan kan eenvoudig de optimale paring worden bepaald. Het belang-
rijkste voordeel boven bestaande methoden is dat de analyse gedaan kan worden
in het tijdsdomein zonder onrealistische aannames over de regelaar.

Monolietreactor voor Fischer Tropsch synthese

De ontwikkelde methoden zijn toegepast op een nieuw ontwerp voor een proces
met significant potentieel: Fischer Tropsch synthese. Fischer Tropsch synthese
is een proces dat synthese gas, een mengsel van Hy en CO, omgezet in rechte
koolwaterstofketens. Een nieuwe reactor die veel belovend lijkt voor Fischer
Tropsch is de monoliet reactor. De belangrijkste ontwerpvrijheid voor deze reac-
tor is de single pass conversie, gerelateerd aan de reactorlengte. Zowel de TCA
methode als de gesloten lus regelbaarheidsanalyse laten zien dat het gewenst is
om te opereren met een hoge single pass conversie. Dus met een lange reactor
en een redelijk kleine gas recycle.

Periodieke processen

Alle hierboven beschreven methoden zijn ontwikkeld voor steady-state continue
processen. Andere operatiemodes worden ook industrieel gebruikt, bijvoorbeeld
periodieke continue processen. De tijdsgemiddeld selectiviteit of opbrengst kan
bij deze processen hoger zijn dan de maximaal haalbare waarde bij steady-state
operatie. Een geintegreerd ontwerp van een periodiek bedreven Fischer Tropsch
synthese proces is beschreven. De maximale diesel selectiviteit blijkt door peri-
odiek opereren verhoogt te kunnen worden van 38% bij steady-state operatie, tot
52% bij periodieke operatie.
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