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Summary

Syngas fermentation has emerged as a promising technology for the transition
towards sustainable and environmentally friendly energy sources. This transition is
crucial to mitigate greenhouse gas emissions and combat climate change. This
technology employs anaerobic bacteria, known as acetogens, to convert carbon
monoxide (CO), hydrogen (H;), and carbon dioxide (CO,) into biofuels and valuable
chemicals, such as ethanol and acetic acid, through the Wood-Ljungdahl pathway.
This ancient microbial pathway allows for the fixation of CO and CO, using H, as an
energy source, offering a versatile and flexible approach to biotechnological
solutions aimed at facilitating the energy transition.

Despite its potential, syngas fermentation faces challenges, particularly the slow gas-
to-liquid mass transfer that can limit its efficiency and productivity. Efficient gas-to-
liquid mass transfer is critical in syngas fermentation processes as it ensures optimal
substrate utilization, which is linked to product formation. Industrial-scale syngas
fermentation typically employs bubbled bioreactors like gas-lift or bubble column
reactors, which provide a large surface area for gas-liquid contact. However, non-
standard designs, including bubbleless bioreactors, may offer superior performance
at an industrial scale. Additionally, the properties and composition of the
fermentation broth influence mass transfer efficiency.

Volumetric productivity, or the product formation rate, is one of the key process
performance indicators in syngas fermentation, often targeted for optimization.
Microbial metabolism, specifically growth rate, can constrain volumetric
productivity. Bliomass retention strategies, such as biofilm-based bioreactors, could
enhance process performance. Understanding the interplay between mass transfer
rates, growth rates, and co-product concentrations is essential to optimize

continuous syngas fermentation processes.

This thesis aims to provide a comprehensive understanding of the role of gas-to-
liquid mass transfer in syngas fermentation processes, and the impact of syngas
fermentation broth characteristics on mass transfer efficiency. The research covers
both experimental studies in standard bubbled bioreactor configurations (bubble
column and CSTR) and computational studies on novel membrane bioreactors for
syngas permeation and fermentation.

Chapter 2 explores hollow fibre membrane (HFM) bioreactors as a solution to mass
transfer limitations in syngas fermentation. It establishes the state-of-the-art of HFM
bioreactors, reviewing their potential to enhance gas-to-liquid mass transfer and cell
retention. Various membrane materials, module types, and flow configurations are



discussed, emphasizing the importance of optimizing these parameters to improve
reactor performance.

Chapter 3 presents a computational model developed to optimize syngas
fermentation in HFM bioreactors, incorporating hydrodynamics, mass transfer, and
microbial kinetics. The model allows for systematic study and optimization of
process variables, using CO fermentation to ethanol as a case study. Parametric
analysis identifies hydraulic retention time as a critical parameter affecting ethanol
concentration and productivity trade-offs. Future model improvements should focus
on experimental validation of key assumptions and parameters.

Chapter 4 investigates the influence of ethanol on mass transfer in syngas
fermentation broths. The addition of ethanol significantly increases the volumetric
mass transfer coefficient (K.a) by inhibiting bubble coalescence, leading to smaller
bubbles and higher mass transfer rates. The dynamic nature of K.a is highlighted,
emphasizing the need for more realistic mass transfer models for fermentations.

Chapter 5 examines the impact of acetic acid concentration, growth rate, and mass
transfer rate on metabolic shifts, product titres, and production rates in CO
fermentation by Clostridium autoethanogenum. High undissociated acetic acid
concentrations shift metabolism towards ethanol production. These findings have
significant implications for process optimization by targeting optimal acetic acid
concentration.

Chapter 6 reflects upon the feasibility and expected performance of HFM bioreactors
for syngas fermentation processes and how they compare with the current bubbled
bioreactors implemented in industry. Furthermore, we explore potential
applications of HFM reactors for in-situ product removal, and product and biomass
recycling process design options for productivity enhancement in syngas
fermentation processes. The economic feasibility of HFM bioreactors for syngas
fermentation remains a significant challenge despite their potential to surpass gas-
to-liquid mass transfer performance compared to traditional bubbled reactors. A
techno-economic analysis has revealed that HFM bioreactors are prohibitively
expensive, primarily due to the high capital investment costs associated with the
extensive number of reactor units required. This setup leads to high operational
expenses, including maintenance and depreciation, making HFM bioreactors less
economically attractive despite their operational efficiency in terms of utility usage.
In comparison, Bubble Column (BC) reactors emerge as the more economically
viable option for industrial syngas fermentation. BC reactors achieve higher biomass
concentrations and volumetric productivities, leading to significantly lower capital
investment costs, offering a more efficient economy of scale for BC configurations.



Furthermore, sufficiently high Kia values are predicted for industrial bubbled
bioreactors during syngas fermentation to ethanol since ethanol stabilizes smaller
bubbles, increases gas hold-up, and enhances mass transfer rates. Consequently, BC
reactors offer a favourable balance between productivity and cost, currently making
them the preferred choice for industrial applications.

Future developments in the syngas fermentation field should focus on optimizing
the interplay between broth components and mass transfer characteristics to
enhance process efficiency. Developing accurate predictive models and investigating
scalability is crucial for translating laboratory successes to commercial applications.
Additionally, understanding microbial kinetics and their relation to dissolved gases
and product concentrations will drive further optimization. Advancements in these
areas are essential for improving syngas fermentation processes, facilitating
industrial defossilization, and promoting sustainable biotechnological production.



Sammenvatting

Syngasfermentatie is een opkomende en veelbelovende technologie die een rol kan
spelen in de transitie naar duurzame en milieuvriendelijke energiebronnen, die
noodzakelijk is om de uitstoot van broeikasgassen te verminderen en
klimaatverandering tegen te gaan. Deze technologie maakt gebruik van anaerobe
bacterién, ook wel bekend als acetogenen, die koolmonoxide (CO), waterstof (H;) en
kooldioxide (CO,) om kunnen zetten in biobrandstoffen en waardevolle chemicalién,
zoals ethanol en azijnzuur, via de Wood-Ljungdahl route. Deze oeroude microbiéle
route maakt de fixatie van CO en CO, mogelijk met H, als energiebron en biedt
daarmee veelzijdige en flexibele mogelijkheden voor verscheidene
biotechnologische oplossingen in de energietransitie.

Ondanks het grote potentieel kent syngasfermentatie verschillende uitdagingen.
Deze zijn met name gericht op de trage gas-vloeistof stofoverdracht, wat de
efficiéntie en productiviteit limiteert. Efficiénte gas-vloeistof massaoverdracht is
cruciaal voor syngasfermentatieprocessen omdat het zorgt voor een verbeterd
substraatgebruik, wat gekoppeld is aan productvorming. Voor syngasfermentatie op
industriéle schaal wordt meestal gebruik gemaakt van bioreactoren met bellen,
zoals gaslift- of bellenkolomreactoren, die een groot oppervlak hebben voor gas-
vloeistofcontact. Niet-standaard reactorconfiguraties, waaronder bellenloze
bioreactoren, kunnen echter mogelijk superieure stofoverdrachtsprestaties leveren
op industriéle schaal. Daarnaast beinvloeden de eigenschappen en samenstelling
van het fermentatiebeslag de efficiéntie van de stofoverdracht.

De volumetrische productiviteit, of de productvormingssnelheid, is een van de
kritieke procesprestatie-indicatoren in syngasfermentatie en wordt derhalve vaak
geoptimaliseerd. Bovendien kan het trage microbiéle metabolisme, resulterend in
een lage groeisnelheid, de volumetrische productiviteit beperken. Strategieén om
biomassa vast te houden, zoals bioreactoren met een biofilm, kunnen de
procesprestaties verbeteren. Inzicht in de wisselwerking tussen de
stofoverdrachtssnelheid, groeisnelheid en bijproductconcentraties is essentieel
voor het optimaliseren van continue syngasfermentatieprocessen.

Dit proefschrift heeft als doel een uitgebreid begrip te geven van de rol van gas-
vloeistof stofoverdracht in syngasfermentatieprocessen en de invloed van de
eigenschappen van syngasfermentatie beslagen op de efficiéntie van de
stofoverdracht. Het onderzoek omvat zowel experimentele studies in standaard
bioreactorconfiguraties met bellen (bellenkolom en CSTR) als computationele
studies naar nieuwe membraanbioreactoren voor syngaspermeatie en -fermentatie.



Hoofdstuk 2 onderzoekt holle vezelmembraanbioreactoren (HFMR) als oplossing
voor stofoverdrachtlimitaties in syngasfermentaties. De huidige stand van deze
technologie wordt beschreven en er wordt gekeken naar het potentieel van HFMR
om de gas-vloeistof stofoverdracht en de celretentie in syngasfermentaties te
verbeteren. Verschillende membraanmaterialen, moduletypes en
stromingsconfiguraties worden besproken, waarbij wordt benadrukt hoe belangrijk
het is om deze parameters te optimaliseren om de reactorprestaties te verbeteren.

Hoofdstuk 3 presenteert een mathematisch model dat is ontwikkeld om
syngasfermentatie in HFMR te optimaliseren, waarbij hydrodynamica,
stofoverdracht en microbiéle kinetiek zijn geintegreerd. Met het model kunnen
procesvariabelen systematisch worden bestudeerd en geoptimaliseerd, waarbij CO-
fermentatie tot ethanol als casestudy wordt gebruikt. Een parametrische analyse
identificeert de hydraulische retentietijd als een kritieke parameter die zowel de
ethanolconcentratie en productiviteit beinvloedt. Toekomstige modelverbeteringen
moeten zich richten op experimentele validatie van belangrijke aannames en
parameters.

Hoofdstuk 4 onderzoekt de invloed van ethanol op de stofoverdracht in
syngasfermentatiebeslag. De toevoeging van ethanol verhoogt de volumetrische
stofoverdrachtscoéfficiént (K.a) aanzienlijk door het samenvoegen van bellen te
verminderen, wat leidt tot kleinere bellen en een hogere stofoverdracht. De
dynamische aard van de Kia wordt besproken, samen met de beperkingen van de
huidige modellen om Kia te voorspellen.

Hoofdstuk 5 onderzoekt de invloed van de azijnzuurconcentratie, de groeisnelheid
en de stofoverdrachtssnelheid op metabole veranderingen, productconcentraties en
productiesnelheden in CO fermentatie door Clostridium autoethanogenum. Hoge
azijnzuurconcentraties leiden tot metabole veranderingen in de richting van
ethanolproductie. Deze bevindingen hebben belangrijke implicaties voor
procesoptimalisatie door te focussen op de optimale azijnzuurconcentratie.

Hoofdstuk 6 gaat in op de haalbaarheid en verwachte prestaties van HFMR voor
syngasfermentatieprocessen en hoe deze zich verhouden tot de huidige bellen-
gebaseerde bioreactoren die in de industrie worden toegepast. Verder onderzoeken
we de mogelijke toepassingen van HFMR voor in-situ productverwijdering en de
opties voor product- en biomassaretentie die beiden moeten zorgen voor een
productiviteitsverhoging in syngasfermentatieprocessen. De economische
haalbaarheid van HFMR voor syngasfermentatie blijft een belangrijke uitdaging. Dit
is ondanks hun potentieel voor verbeterde gas-vloeistof stofoverdracht in
vergelijking met traditionele reactoren met bellen. Een techno-economische analyse



heeft aangetoond dat HFMR buitengewoon duur zijn, met name door de hogere
investeringskosten voor het grote aantal benodigde reactoren. Deze opzet leidt tot
hoge operationele kosten, inclusief onderhoud en afschrijving, waardoor HFMR
economisch minder aantrekkelijk worden ondanks hun hoge operationele
efficiéntie. In plaats daarvan komen bellenkolomreactoren naar voren als
economisch meest haalbare optie voor industriéle syngasfermentatie.
Bellenkolomreactoren bereiken hogere biomassaconcentraties en volumetrische
productiviteiten, wat leidt tot aanzienlijk lagere investeringskosten en mede door de
efficiéntere schaalvoordelen die bellenkolomreactoren bieden. Bovendien worden
voldoende hoge Kia -waarden voorspeld voor industriéle bioreactoren met bellen
tijdens de fermentatie van syngas tot ethanol, omdat ethanol de kleinere bellen
stabiliseert, de gasfractie vergroot en daardoor de stofoverdracht verbetert.
Bijgevolg bieden bellenkolomreactoren een voordelige balans tussen productiviteit
en kosten, waardoor ze momenteel de voorkeur genieten voor industriéle
toepassingen van syngasfermentatie.

Toekomstige ontwikkelingen op het gebied van syngasfermentatie moeten zich
richten op het optimaliseren van de wisselwerking tussen de componenten in
fermentatiebeslagen en stofoverdrachtskarakteristieken om de procesefficiéntie te
verbeteren. Het ontwikkelen van nauwkeurige voorspellende modellen en het
onderzoeken van de schaalbaarheid is cruciaal voor het vertalen van
laboratoriumsuccessen naar commerciéle toepassingen. Daarnaast zal een beter
begrip van de microbiéle kinetiek en hun relatie tot opgeloste gassen en
productconcentraties bijdragen aan verdere optimalisatie. Vooruitgang op deze
gebieden is essentieel voor het verbeteren van syngasfermentatieprocessen, voor
industriéle defossilisering en het bevorderen van een duurzame biotechnologische
industrie.









Nomenclature

Abbreviations
Abbreviation Meaning
BC Bubble Column
EPS Extracellular Polymeric Substances
ISPR In-situ Product Removal
HFM Hollow Fibre Membrane
HFM-BCR Hollow Fibre Membrane Bubble Column Reactor
HRT Hydraulic Retention Time
KPI Key Performance Indicator
NPV Net Present Value
PDMS Polydimethylsiloxane
PMP Polymethylpentene
PP Polypropylene
PTMSP Poly(1-trimethylsilyl-1-propyne)
PVDF Polyvinylidene fluoride
STR Stirred Tank Reactor




Mathematical symbols

Symbols Meaning Unit
a Specific surface area m-1
A Surface area m?2
Am Membrane surface area m
c Dissolved gas concentration mol.m-3
c Concentration mol.L-1 or g.L-1
D Diffusion Coefficient m2s1
d Diameter m
dsz Sauter mean bubble diameter m
dp Bubble diameter m
deq Equivalent bubble diameter m
di Inner Diameter of hollow fibre m
membrane
dim Logarithmic mean diameter of hollow m
fibre membrane
do Outer diameter hollow fibre membrane m
e Eccentricity -
H Dimensionless gas-water Henry mol.m-3gas.(mol.m-3jiquia) 1
coefficient
I Ionic strength mol.L-1
k Volume specific mass transfer coefficient —m.s1
KL Overall Mass Transfer Coefficient, based m.s!
on liquid side
kL Liquid-side mass transfer coefficient m.s!
Kra Overall volumetric mass transfer s
coefficient, based on liquid side
kra volumetric mass transfer coefficient, s1
based on liquid side
L Length of hollow fibre membrane m
M Molecular weight kg.mol-1
P Permeability m2.s1
P Power w
Q Volumetric flow through the membrane m3.s1
module
R Ideal Gas Constant J.mol-1.K-1
r Radius m
S Solubility coefficient or Gas-membrane mol.m-3membrane.(mMol.m3gas)-1
partition coefficient
Sh Sherwood number (dimensionless)
T Temperature K
t Sampling time S
UGs Superficial gas velocity m.s1
%4 Volume m3
v Velocity m.s1
z Ionic charge -
) Membrane thickness m
AC Concentration difference mol.m-3
£ Porosity -
T Tortuosity -
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Sub- and superscripts

Symbol Meaning
* Saturated
0 Initial
a Semi-major axis
Ac Acetate
b Bubble
c Semi-minor axis
d Dense layer
D Dispersion
eff Effective
EtOH Ethanol
g In the gas phase
G Gas
k Knudsen (diffusivity)
l In the liquid phase
L Liquid
Lout Liquid outlet of membrane module
Im Logarithmic mean
m In the membrane or microporous layer
M Membrane module
p Pore
prot Protein
R Reservoir
X Biomass
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Chapter 1

1. Introduction

As the world deals with the urgent need to transition towards a more sustainable
and environmentally friendly economy, the quest for renewable and clean energy
sources is becoming increasingly important. Currently, war and conflict in gas and
energy-supplying countries often lead to significant disruptions in global energy
markets and prices thereby emphasising the urgency for diversified and clean
energy sources. Environmental concerns, particularly the escalating impacts of
climate change such as rising global temperatures and increased frequency of
extreme weather events, keep propelling the necessity for an energy transition. This
transition from fossil fuels to cleaner, renewable sources is crucial to mitigate
greenhouse gas emissions and stabilize the planet's climate system. The global
economy is, therefore, witnessing a paradigm shift towards sustainability,
particularly in industrial sectors, which are traditionally major contributors to
environmental degradation.

1.1. Syngas fermentation as a technology at the forefront of energy transition

An emerging technology that stands at the forefront of this transition is syngas
fermentation. Syngas fermentation revolves around the ability of certain anaerobic
bacteria - known as acetogens - to convert carbon monoxide (CO), hydrogen (Hz),
and carbon dioxide (CO:z) into biofuels and other valuable chemicals (1). This
microbial pathway, often referred to as the Wood-Ljungdahl pathway, is believed to
be one of the earliest forms of microbial metabolism on Earth, dating back
approximately 3.8 billion years (2). The bacteria in question are able to fix CO and
CO: via this pathway, using Hz as well, an energy source. This biochemical
mechanism involves two parallel branches - the carbonyl branch and the methyl
branch - which ultimately converge in the formation of acetyl-CoA, a precursor for a
wide array of bioproducts (3, 4). Syngas fermentation, therefore, provides a
promising, sustainable avenue for the utilization of waste gases and contributes
significantly to biotechnological solutions aimed at facilitating the energetic
transition (5). The technology's inherent flexibility allows to produce different end
products based on the needs of the market, including biofuels such as ethanol,
butanol, and even long-chain hydrocarbons (6). Consequently, syngas fermentation,
while harnessing an ancient microbial pathway, it rises as one solution to modern
critical environmental challenges. It not only alleviates dependency on fossil fuels
but also offers a renewable strategy for carbon capture and sequestration, thus
embodying a powerful tool in the quest for a sustainable future and the fight against
climate change. It is considered a versatile and flexible technology not only because
of the product diversity but also due to the wide range of resources from which
syngas can be derived. This includes coal gasification, steam reforming of natural gas,
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Introduction

and gasification of biomass or waste (7). Each syngas source provides a distinct
syngas composition, presenting unique challenges for the fermentation process (8).
As such, understanding the dynamics of these different syngas types is critical to
optimizing fermentation and subsequently, product yield (9). In the broader context
of transitioning to a sustainable energy landscape, it is essential that fossil carbon
remains underground, and gas fermentation is progressively applied to recycle
above-ground carbon sources. This approach will play a crucial role in mitigating the
impacts of climate change by enabling the recycling of carbon through renewable
processes.

Despite the potential benefits, however, the implementation of syngas fermentation
technology is not without its challenges. One of the most prominent issues
encountered in deploying this technology on a commercial scale is the slow gas-to-
liquid mass transfer (10 - 13). Mass transfer is a critical factor that influences the
overall performance of syngas fermentation, as it refers to the transport of gases
from the bulk phase to the cell, where the biochemical reactions occur. Slow mass
transfer can limit volumetric productivity, which is an important measure of process
performance. At higher mass transfer rates, volumetric productivity can become
limited by microbial metabolism and kinetics (product selectivity, substrate and
product inhibition).

1.2. Mass transfer role in syngas fermentation

In syngas fermentation mass transfer refers to the transport of the gaseous
substrates to the liquid bulk, where they can be metabolized by the microorganism.
Therefore, gas-to-liquid mass transfer plays an integral role in the overall efficiency
and productivity of syngas fermentation, as it directly influences substrate
availability to the microorganism. In case of insufficient mass transfer (i.e. the mass
transfer rate is lower than the maximum substrate consumption rate by the
microorganism), the reaction rate is limited by the mass transfer rate. Therefore,
effective mass transfer rate also ensures optimal substrate utilization (syngas
conversion). This impacts productivity, as the substrate uptake is metabolically
linked to product formation.

In syngas fermentation processes, especially those involving high cell densities, the
gas-liquid mass transfer rate can act as a bottleneck, limiting the overall rate of
fermentation. Therefore, a thorough understanding of mass transfer mechanisms
becomes very relevant. The rate at which mass is transferred in syngas fermentation,
is governed by a small driving force: the difference AC between equilibrium at the
G/L interface and the local dissolved concentration. This is a consequence of the
poor aqueous solubility of gaseous substrates like CO and Hz, coupled with relatively
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Chapter 1

low absolute pressures and even lower partial pressures of these substrates (due to
the presence of COz and occasionally Nz). To counterbalance these factors, it is
crucial to ensure that the volume-specific interfacial area a between the gas and
liquid medium is high, leading to an increased value of the volumetric mass transfer
coefficient, known as Kia, in which Ki is the mass transfer coefficient (4). The
dominant operational factors are the energy input to the bioreactor, related to the
superficial gas velocity and the pressure gradient, and liquid properties ensuring
inhibition of gas bubble coalescence. Therefore, overcoming the challenges posed by
mass transfer limitations should be achieved by making appropriate choices in
terms of the bioreactor design and operational conditions, aimed at maximizing the
concentration gradient AC, the mass transfer coefficient Ki, and/or the interfacial
area a. In bubbled bioreactors, K. could in theory be increased by high local
turbulence but there are limited practical ways to influence it. In membrane
bioreactors for gas permeation, KL is also influenced by membrane permeabilities
and thickness (14, 15).

Industrial-scale syngas fermentation typically employs bubbled bioreactors: gas-lift
or bubble column reactors (16). These work by injecting gas at the bottom of the
reactor into the liquid phase, creating bubbles which disperse, rise, mix the liquid,
and provide a large surface area for gas-liquid contact (17). These are well studied
designs and typically used industrially due to their simplicity, relative low energy
consumption and operating costs and sufficient gas-to liquid mass transfer.
Nevertheless, thoughtful design and operation are needed to achieve optimal
performance and economic efficiency. Furthermore, it becomes relevant to
investigate non-standard bioreactor designs for syngas that could potentially
outperform these configurations at industrial scale, including bubbleless
bioreactors.

The properties and composition of the fermentation broth are another fundamental
aspect of the process which also significantly influence the mass transfer in syngas
fermentation (18 - 20). For instance, the viscosity and density of the broth play key
roles in determining the gas-liquid mass transfer coefficient. A high viscosity broth
can impede the movement of gas bubbles, reducing the mass transfer rate. Similarly,
the presence biomass or other fermentation products (organic acids, alcohols, etc.)
with surfactant activity, can affect interfacial area available for mass transfer and
interfere with the bubble size distribution (21). Furthermore, temperature of the
broth can influence the solubility of the syngas components, thereby affecting their
transfer from the gas phase to the liquid phase. Therefore, knowledge of these
dynamics and properties interdependence as well as careful design, monitoring and
control of broth properties are crucial for efficient mass transfer during syngas
fermentation.
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Since mass transfer plays such a vital role in the syngas fermentation process
(affecting its efficiency, reaction rate, and productivity) understanding and
optimizing mass transfer can greatly enhance the effectiveness of syngas
fermentation, making ita primary area of focus in the design and operation of syngas
fermentation processes.

1.3. Productivity in Syngas fermentation

The volumetric productivity (product formation rate, often expressed as mol/m3h
or kg/m3h) of syngas fermentation processes is a process key performance indicator
(KPI) as it impacts its economic feasibility while it is influenced by process design.
However, syngas fermentation volumetric productivities are frequently low and,
therefore, often a target of research, development and optimization by industry and
academia (22). The volumetric productivity can be limited by the microbial
metabolism, specifically by the microbial growth rate. A slow growth rate leads to
low biomass concentrations, which results in low productivities and low syngas
conversion rates. In the absence of mass transfer limitation, a too high concentration
of dissolved carbon monoxide could result in substrate inhibition of microbial
growth. Biomass retention strategies can counteract this by increasing biomass
concentrations and improve process performance. Strategies such biofilm-based
bioreactors, or operational units coupling biomass concentration and recirculation
could be used (23, 24). Research and development on new bioreactor designs
integrating such strategies are a promising route to improve process performance.
However, in the scenario of high biomass concentration, mass transfer could again
become insufficient and result in very low and unfavourable dissolved gaseous
substrate concentrations. The dissolved CO (and or Hz) concentration is a pivotal
variable in the process outcome, and it is influenced by a combination of operational
and microbial traits. Therefore, syngas fermentation processes should be carried on
a constrained operational window where biomass concentration, mass transfer rate
and dissolved gas concentration are balanced for optimal productivity.

1.4. Research goals and thesis structure

This thesis aims at providing a comprehensive understanding of the role of gas-to-
liquid mass transfer in syngas fermentation processes performance (including
volumetric productivity), both for standard bubbled bioreactors and non-standard
bubbleless bioreactor configurations; and reversely the impact of syngas
fermentation broth characteristics on gas-to-liquid mass transfer efficiency.

The research covers computational studies on novel bioreactor configurations,
namely membrane bioreactors for syngas permeation and fermentation. The
research on membrane bioreactors for syngas fermentation is driven by their
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promising potential on enhancement of gas-to-liquid mass transfer efficiency, cell
retention and volumetric productivity (11). Furthermore, it also explores syngas
fermentation experiments on standard bioreactor configurations, namely stirred
tank reactors and bubble columns, to understand performance of industrial
bioreactor configurations and guide future optimization.

With those goals in mind, we will attempt to answer the following research
questions:

i.  Which membrane bioreactor configuration is most suitable/promising for
improvement of syngas fermentation volumetric productivity?
ii.  Which operational conditions for such a syngas fermentation membrane
bioreactor maximize volumetric productivity?
iii. ~ What is the influence of syngas fermentation broth properties on gas-to-
liquid mass transfer rate?
iv.  Whatis the influence of mass transfer rates, growth rates and co-products
concentrations on performance (titres and volumetric productivities) of
continuous syngas fermentation?

To begin, we explore the potential of Hollow Fibre Membrane (HFM) bioreactors as
a solution to mass transfer limitations in syngas fermentation. In Chapter 2 we
establish the state-of-the-art of HFM bioreactors in syngas fermentation technology,
exploring and reviewing the potential of this configuration to enhance gas-to-liquid
mass transfer and cell retention in syngas fermentation. Here we discuss and
compare mass transfer phenomena in various membrane materials and module
types, and flow configurations used for syngas permeation and fermentation.

In Chapter 3, we present a computational model developed to optimize the
performance of syngas fermentation in HFM bioreactors. Here we investigate the
influence of process variables on key performance indicators, such as ethanol
productivity, ethanol concentration, and CO conversion, providing valuable insights
for systematic study and optimization.

In Chapter 4, we aim to better understand the behaviour of mass transfer in the
fermentation broth of conventional industrial gas bubble reactors. We explore the
influence of ethanol and other syngas fermentation broth components on mass
transfer in gas fermentations. We highlight the complex interactions between
different compounds and their impact on mass transfer characteristics, emphasizing
the need for more realistic mass transfer models for fermentations.

Lastly, in Chapter 5 we aim to understand the impact of mass transfer and other
fermentation variables on the metabolism of acetogenic bacteria. Here, we
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investigate the individual impact of acetic acid concentration, growth rate, and mass
transfer rate on metabolic shifts, product titres, and production rates in CO
fermentation by C. autoethanogenum. This Chapter provides insights into the factors
governing shifts in CO metabolism and sheds light on the role of acetic acid inhibition
in driving metabolic shifts towards ethanol production.

In Chapter 6, we reflect upon the feasibility and expected performance of HFM
bioreactors for syngas fermentation processes and how they compare with the
current bubbled bioreactors implemented in industry. Furthermore, we explore
potential applications of HFM bioreactors for in-situ product removal, and product
and biomass recycling process design options for productivity enhancement in
syngas fermentation processes.

The thesis establishes a comprehensive framework for systematically exploring the
critical aspects of gas-to-liquid mass transfer in syngas fermentation and the
operation of bubbleless and bubbled bioreactors, paving the way for further
research and development in this field.
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Membrane bioreactors for syngas
permeation and fermentation

This chapter has been published as:

Marina P. Elisiario, Heleen De Wever, Wouter Van Hecke, Henk Noorman & Adrie J. J.
Straathof (2022) Membrane bioreactors for syngas permeation and fermentation,
Critical Reviews in Biotechnology, 42:6, 856-872,
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Abstract

Syngas fermentation to biofuels and chemicals is an emerging technology in the
biobased economy. Mass transfer is usually limiting the syngas fermentation rate,
due to the low aqueous solubilities of the gaseous substrates. Membrane bioreactors,
as efficient gas-liquid contactors, are a promising configuration for overcoming this
gas to liquid mass transfer limitation, so that sufficient productivity can be achieved.
We summarize published performances of these reactors. Moreover, we highlight
numerous parameters settings that need to be selected for the enhancement of
membrane bioreactors performance. To enable this selection, we relate mass
transfer and other performance indicators to type of membrane material, module,
and flow configuration. Hollow fibre modules with dense or asymmetric membranes
on which biofilm might form seem suitable. A model-based approach is advocated to
optimize their performance.
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2. Membrane bioreactors for syngas permeation and
fermentation

2.1. Introduction
Microbial conversion of syngas

Syngas fermentation is a process in which acetogenic microorganisms anaerobically
convert mixtures of CO, Hz and COzinto organic products. When consuming CO, these
fermentations co-produce COz. Acetogens use the acetyl-CoA pathway, also referred
to as the Wood-Ljungdahl pathway, for reductive synthesis of acetyl-CoA from COz,
CO and Hz, energy conservation for growth, and assimilation of carbon from CO and
COzinto biomass (3) - Figure 2.1. Acetyl-CoA is converted to different metabolic end
products (carboxylic acids and respective alcohols), depending on the microbial

metabolism.
co Acetate
H 4
E Blomass 3
E Acetyl- CDA Acetate
ﬂ Butyrate Ethanol
: Butanol
':2 +— 2H'+2e A 2,3- Butanedml
: : oo :
v v 2,3-Butanediol : : v
H, co, H Ethanol
v Butanol
Butyrate

Figure 2.1 Schematic representation of the simplified Wood-Ljungdahl pathway of acetogens
and their (native) metabolic end products (3, 25). Acetogenic microorganisms are able to
produce different combinations of the depicted organic products, depending on their
metabolism.

Syngas is obtained from several industrial processes that convert fossil carbon
sources, by gasification of biomass or organic waste material, and by electrolysis of
water and CO2 to Hz and CO. If the used syngas is renewable, syngas fermentation
may contribute to sustainable chemical production in a circular, biobased economy.

Mixtures of CO, CO2 and H2 are useful as substrate for gas fermentation due the
Gibbs energy content of CO and H2. Using solely CO2 as substrate is less
straightforward because its activation would require another source of energy such
as light or electricity (26).
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Several companies have operated pilot and demonstration plants for fermentative
conversion of syngas to ethanol. LanzaTech is operating the production of bioethanol
from syngas at commercial scale (27). Other alcohols (2,3-butanediol, 1-butanol, 1-
hexanol) and carboxylic acids (acetate, butyrate, hexanoate) are examples of
potential products (1, 4, 6). For a general overview and description of syngas
fermentation technology, we refer to the aforementioned papers.

As compared to carbohydrate fermentations (28), the main bottlenecks currently
restricting syngas fermentation to valuable products are low extent and rate of
substrate conversion (CO and Hz), and limited product titers and range. Metabolic
and microbial engineering can be applied to improve microbial performance while
process engineering can improve reaction conditions and provide smart product
recovery strategies.

Mass Transfer

The gas-liquid mass transfer rate is usually limiting the overall syngas fermentation
rate, particularly in case of a high cell density process (11). Therefore, understanding
this mass transfer is essential. The syngas mass transfer rate (K.a.AC) includes a
small driving force because of the low aqueous solubility of the gaseous substrates
CO and Hg, relatively low absolute pressures and low partial pressures due to the
presence of COz and sometimes N2. This needs to be compensated by a high efficiency
of contacting with the liquid medium (4), hence a high value of the volumetric mass
transfer coefficient, K.a. Thus, mass transfer limitations can be addressed by
selection of bioreactor and operational conditions to achieve a higher concentration
gradient AC, mass transfer coefficient K, and/or interfacial area a (29, 30).

Membrane bioreactors as options for syngas conversion

Several bioreactor types have been studied for syngas fermentation. Mechanically
mixed reactors such as stirred tank reactors (STRs) can achieve high volumetric
power inputs by agitation, which even at low superficial gas velocities can provide
reasonable gas-liquid mass transfer rates besides good liquid mixing. In STRs,
higher impeller energy reduces the size of gas bubbles and thereby increases the
interfacial area for mass transfer. However, costs associated with the excessive
power input for very large reactors restricts economic feasibility for commercial
syngas fermentation processes (31). Additionally, locally high energy dissipation
rates near the agitators and/or bursting gas bubbles at the surface can potentially
damage sensitive microorganisms (32).

Non-agitated reactor systems have also been investigated as suitable configurations
for syngas fermentation, using much less energy than STRs (24). In trickle bed
reactors, the liquid film contacting the gas phase is very thin and therefore the liquid
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resistance to mass transfer is diminished (30). Monolithic biofilm reactors may
achieve very high mass transfer, but could be prone to clogging by biofilms (33).
Bubble columns and gas lift reactors can achieve high mass transfer rates at low
operational and maintenance costs at industrial scale, but undesirable bubble
coalescence may occur, especially in tall reactors.

Asimakopoulos et al. (23) recently reviewed different bioreactor configurations
suitable for continuous syngas fermentation to added value products and compared
their performance in terms of high productivity rates and high product
concentrations. The authors conclude that the evolution and research on syngas
fermentation platforms is oriented towards packed bed reactor and membrane
modules combined with biofilm formation. Thus, membrane-based bioreactors have
been reported as promising configuration for syngas conversion. Membranes can
fulfill many applications but here we will review gas-liquid contacting applications
and biofilm technology. Membrane processes have been claimed to offer several
advantages such as low energy consumption, enabling continuous operations, being
simple to operate and scale up, and have inherent properties of high selectivity and
high surface-area-per-unit-volume (34, 35). Membrane contactors have the
potential of controlling the extent of contact between syngas and fermentation broth
without having to cope with flooding or foaming phenomena (36). These claimed
advantages should compensate for the cost of membrane modules. Membrane
processes scale up linearly, except the auxiliary equipment (transfer pump, piping,
etc.) (37). Thus, economic comparison with other processes will be scale-dependent,
and, besides, requires optimization of the processes that are compared.

Syngas fermentation using membrane bioreactor technology has not yet been
optimized. This review aims to guide the optimization work required to achieve the
full potential of this technology. Therefore, we will review the syngas mass transfer,
membrane types, and membrane module and reactor configurations (including
biofilm formation) used for syngas fermentation and relate these with process
performance indicators.

2.2. Membrane (gas-liquid) contactors for syngas permeation: Theory and
Principles

Syngas fermentation using a membrane contactor can be described by different
physical and biological mechanisms (38):

i. Bulk mixing of the gas entering the membrane module.
ii. Gas boundary layer transport.
iii. Transport through the membrane.

25




Chapter 2

iv.  Transfer from the membrane, dissolution and diffusion
into biofilm (if present).
v.  Diffusion through and consumption within the biofilm (if
present).
vi.  Boundary layer transport through the liquid phase.
vii.  Mixing in the bulk liquid.
viii.  Consumption by suspended cells.

The membrane provides a large and fixed interfacial area between gas and liquid
phase for facilitating mass transfer. This area is independent of gas and liquid flow
rates, and gas to liquid mass transfer can be achieved without spending energy on
keeping one phase dispersed within the other (15, 39). The chemical potential
difference between substrate in gas and liquid phase is the driving force for diffusive
transport across the membrane. This may be expressed as concentration difference

(AC).

The microorganisms can be attached as biofilm on the liquid side of the membrane
surface or suspended in the liquid, where the minor nutrients are provided such as
ammonia, metal trace elements or vitamins (38). If the membrane provides physical
support for biofilm attachment, it enables cell retention (40).

Although the applied transmembrane pressure difference is limited by the
membrane material, using elevated pressures on either side is possible, leading to
increased syngas solubility and hence an increase in the achievable mass transfer
driving force, that is, the CO, Hzand CO:z concentration gradients (AC).

2.3. Membrane material types used for syngas permeation

Different membrane materials have distinct functionalities, performances and costs.
For example, the gas mass transfer depends on the membrane bulk structure.
Therefore, selecting an appropriate membrane is essential. Membranes for gas-
liquid contacting can be classified with respect to their bulk structure: symmetric
(microporous or dense) or asymmetric (integral or composite). The role and
properties of different membrane material types is reviewed here. This includes
mass transfer models such as summarized in Table 2.1 and Table 2.2.

Microporous membranes

A microporous membrane consists of a polymer matrix (e.g., polypropylene, PP, and
polyvinylidene fluoride, PVDF) with a rigid, highly voided structure and with
randomly distributed and interconnected pores (41). Before extensive research had
been conducted, “microporous” was used for membranes with pore diameters
between 0.01 and 1 pm (42). Nowadays, use of such terminology in literature can
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create confusion, because the current IUPAC definition classifies materials according
to their pore size as microporous (< 2 nm), mesoporous (2-50 nm) or macroporous
(> 50 nm). Microporous membranes are frequently used in gas transfer applications
because of their high gas permeability. The membrane pores are intentionally filled
with gas since gas diffusivity is much larger than liquid diffusivity. The substrates
therefore diffuse through the membrane by gaseous diffusion. A drawback of
microporous membranes is their low operational transmembrane pressure (TMP).

Table 2.1 Expressions of local mass transfer coefficients.

Mass Transfer Coefficient Expression Eq.
D
Liquid k, =Sh — 2.1
d
D
Gas k =Sh —= 2.2
g g
d
. De
Microporous membrane k, = 5— 2.3
T
, P SD
Dense membrane k =—=—"-—" 2.4
o 5

Table 2.2 Expressions of overall mass transfer coefficients (based on the liquid side), for gas-
liquid membrane contacting applications (14).

Membrane Flat sheet geometry Eq. Hollow fibre geometry 2 Eq.
material
1 1 1 1 1 d, d, 1
Microporous — = t——+— 25 — = et 2.6
Ko kH kH k K. kHd k'Hd &~k
1 1 1 1 1 d, d, 1
Dense =ttt 27 —— = t—— .t 2.8
Ko kH kH Kk K. kHd  kHd K
Integral b)
asymmetric/ 1 1 1
Microporous- — =7 _+t— —+———+— 20 1 _ d, . d N d, . 1 2.10
dense Koo lH e H G H K, K kHd  k'Hd" Kk'Hd® Kk
composite s

In the presence of a biofilm layer on the membrane, an extra mass transfer resistance term is included in the equation.
) Liquid at lumen and gas at shell side
b) Dense layer in contact with liquid

Above a certain maximum critical pressure difference between feed (gas stream)
and permeate (liquid side), called the bubble point pressure, bubbles are formed at
the liquid side. This critical pressure difference depends on the gas-liquid interfacial
tension, the contact angle between the liquid and polymer surface and the diameter
of the pore. On the other hand, pressures below a minimum critical difference cause
water to fill the membrane pores (15), which significantly increases the mass
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transfer resistance through the membrane. To ensure that the gas-liquid interface is
immobilized at the liquid side membrane interface, microporous membranes must
be operated under a carefully controlled pressure difference between feed and
permeate. High pressures of gaseous substrates can still be used when the liquid on
the permeate side of the fibres is also pressurized (41).

The concentration profile of a gas species through a microporous membrane is

shown in Figure 2.2A.

Gas Phase Gas Phase

Figure 2.2 Concentration profile of compound i when moving from gas to liquid phase through
a: hydrophobic microporous membrane (A), dense membrane (B) and integral asymmetric/
composite membrane (C). Ci¢: concentration of i in the gas phase, CiL: concentration of i in the
liquid phase, CiM: concentration of i in the membrane phase, §g: thickness of gas boundary
layer; &1: thickness of liquid boundary layer; 8m: thickness of membrane boundary layer, a:
gas-membrane interface, : membrane-liquid interface, y: microporous-dense layers interface.

The overall mass transfer resistance based on the liquid phase for a gas-filled
microporous membrane is the sum of four resistances in series: for gas phase,
microporous membrane, biofilm (if applicable), and liquid phase - equations 2.5 and
2.6.

Gas and liquid local mass transfer coefficients depend on the feed flow velocity and
module geometry and dimensions as these determine the thickness of the mass
transfer boundary layer; and on the viscosity and the density as these influence the
substrate diffusion coefficients. Each local mass transfer coefficient can be estimated
using semi-empirical correlations. For k, and k;, expressions based on Sherwood

number have been reported - equations 2.1 and 2.2 (43, 44).

The gas transport through microporous membranes depends on the pore size range
and it can be governed by molecular diffusion or Knudsen (free molecule) diffusion.
The effective diffusion coefficient is therefore a function of bulk diffusion and
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Knudsen diffusion coefficients - equation 2.11, with the latter depending on the
pore diameter of the membrane, molecular mass of the gas and temperature -
equation 2.12 (45).

1 1 1
— = 2.11
eff Dg Dk
d, [sRT
D, ==, [— 212
3 \zM

Thus, when the pores are large enough, the interaction with the membrane material
can be neglected and the diffusion coefficient in the microporous membrane equals
the diffusion coefficient in gas (15). It has been suggested that deposition of proteins
and cell debris and the presence of surfactants may cause the pore walls to become
hydrophilic such that the pores fill with liquid, thereby rendering microporous
membranes unsuitable for long-term operation (46).

Dense membranes

Dense or non-porous membranes usually consist of polymers such as silicone,
structured by non-continuous passages in the polymer chain matrix (41). Diffusion
occurs in the free volume between the polymer chains (47) and is described by the
solution-diffusion model. The concentration profile of a gas species in case of a dense
membrane is shown in Figure 2.2B.

Like for microporous membranes, for dense membranes the overall mass transfer
resistance based on the liquid phase is the sum of each local resistance term -
equations 2.7 and 2.8. However, the mass transfer coefficient inside the dense
membrane depends on the gas species permeability in the dense membrane and its
thickness - equation 2.4. The permeability of the gas molecules is controlled by two
major parameters: diffusion coefficient and solubility coefficient in the dense
membrane (also referred to as gas-membrane partition coefficient).

High gas permeabilities can be achieved in rubbery dense membranes, such as
silicones, given their large free volume, due to the flexibility of the siloxane linkages
in the polymer (48). Due to this, syngas compounds (CO, Hz, COz2, N2) are more
soluble (two to seven times) in polydimethylsiloxane (PDMS) membrane than in
water, although the respective diffusivities are three to four orders of magnitude
lower. Dense glassy polymers with high free volume, such as
poly(trimethylsilyl)propyne (PTMSP), polymethylpentene (PMP) and Teflon™ AF (a
commercial polymer consisting of perfluorinated dioxolane) (49) have intrinsically
very high gas permeabilities, showing therefore great potential for the permeation
of syngas. Merkel et al. (50) reported extraordinarily high CO, H2 and CO:

29




Chapter 2

permeabilities in a PTMSP dense membrane. Although this is the most permeable
polymer known, it is also highly susceptible to fast physical aging, a limitation for
long-term operations.

Dense membranes can operate at high transmembrane pressures, up to 3x105 Pa in
silicone membranes for example (46). As a result, a large chemical potential gradient
can easily be maintained, causing increased mass transfer rate (51).

On the other hand, dense membranes, such as silicone membranes, are traditionally
thicker (100 to 400 pm) than microporous membranes (52). Together with their
non-porous nature, this should lead to a higher membrane resistance to mass
transfer. Nevertheless, nowadays the manufacturing of PDMS hollow fibres as thin
as 20 pm has been reported.

Silicone membranes also offer high resistance to chemical and mechanical stress and,
in contrast to microporous membranes, they are not susceptible to pore clogging
(biofouling) or liquid entry in the pores (46).

Asymmetric membranes

Asymmetric membranes consist of an ultra-thin dense layer supported by a porous
structure. In integral asymmetric membranes, the dense skin layer and the porous
support are formed from the same material, while composite asymmetric
membranes consist of two or more layers from different materials that can be
optimized independently (53). The dense thin top-layer selectively permeates
compounds while the microporous layer provides mechanical strength. In either
case, the liquid is in contact with the dense layer (14). Gaseous species diffuse
through the microporous layer, subsequently solubilize and diffuse through the
dense layer, and then enter the liquid at the wetted dense surface (54). The
concentration profile of a gas species in case of a asymmetric membrane is shown in
Figure 2.2C.

Multi-layer composite membranes contain additional layers of different materials
besides a microporous support layer, each with a designated function (54).

Asymmetric membranes combine the advantages of symmetric dense and porous
membranes, since the porous layer offers support, the ultra-thin dense skin layer
provides high permselectivity, and neither layer shows high mass transfer resistance.
Moreover, they can function at higher pressure without biofouling and wetting of
pores.

For syngas fermentation, where rate of permeation is more important than
permselectivity, the best candidates seem to be asymmetric membranes that offer
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high permeability for syngas compounds, a suitable support for microbial growth,
and include a dense layer with sufficient mechanical stability, such as PDMS or PMP
do. Further research should focus on novel composite membranes with thin dense
non-porous layers able to operate under high transmembrane pressure drops
without a decline in the permeation rates (55).

2.4. Membrane module configurations for syngas fermentation

The membrane geometry, flat or tube-shaped, defines the membrane module
configuration to be integrated in a bioreactor.

Flat membranes modules are mainly used for laboratory tests, because they are
easier to build, and sheet replacement is simple and fast. Usually, a single flat sheet
is located between two plates that are equipped with the inlets/outlets of both
phases. For large interfacial areas, flat membranes are used in plate-and-frame or in
spiral wound modules (14).

In tube-shaped configurations, many membrane tubes or fibres are packed into
bundles and potted into tubesheets to form a module. Depending on tube diameter,
this can be a tubular (>10 mm), capillary (0.5 - 10 mm) or hollow fibre (<0.5 mm)
module. The membranes divide a module into a lumen-side, which is the space
enclosed by the membranes, and a shell-side which is the space between the outer
surface of the membranes and the housing (56).

The choice of the module configuration for syngas permeation in a bioreactor should
balance several factors such as surface area per unit of liquid volume, membrane
manufacturing cost, suitability for high pressure operation, and fouling control. To
guarantee an efficient performance, the module should maximize the mass transfer,
reduce and control the fouling, work with low pressure drops, and have a constant
performance over its whole length (14).

For industrial syngas fermentation, the membrane should be packed in an efficient
and economical way for maximizing interfacial area per volume unit.

Regarding this aspect, hollow fibre membrane (HFM) modules outcompete other
configurations. Furthermore, they entail the lowest membrane manufacturing costs
- Table 2.3. This explains why HFM modules are the preferred and most common
modules for gas-liquid membrane contacting applications. Consequently, the
performance of membrane contactors for syngas fermentation has almost
exclusively been studied for HFM modules.
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Table 2.3 Design parameters for membrane module selection (41).

Parameter Plate and Spiral Tubular Capillary Hollow
Frame wound fibres fibres

Manufacturing cost ($/m?) 50-200 5-50 50-200 5-50 2-10

Concentration Good Moderate Very good Good Poor

polarization/fouling control

Permeate-side pressure drop  Low Moderate Low Moderate  High

Suitability for pressured Marginal Yes Marginal No Yes

operation

Limitation to specific types of No No No Yes Yes

membrane material

Area per volume (m2/m3) 200 - 600 800-1000 - - 2000-

5000

2.5. Hollow Fibre Membrane Bioreactors for syngas fermentation

While the mass transfer coefficient within HFMs depends only on the material, as
indicated in equations 2.3 and 2.4, the mass transfer on the shell and lumen sides of
an HFM module depend on flow conditions and fibre or module geometries. For this
reason, significant efforts have been addressed to the improvement of the HFM
material properties, but also to optimization of packing density, fibre length and
diameters, operative flowrates, pressures and concentrations, fluid physical
properties, pressure drops, and breakthrough pressure (14).

In HFM modules, non-uniform flow at the shell side of the hollow fibre can occur due
to channeling, bypassing, mixing, entry region phenomena (caused by fibre
deformation), non-uniform fibre distribution, polydispersity of fibre diameters or
presence of stagnant zones (14). Since this maldistribution of flow leads to reduction
of mass transfer efficiency, much research is dedicated to improve the module design
in terms of higher mass transfer coefficients at the shell side. Stanojevi¢ et al. (39)
reviewed membrane contactor designs and operation, including different innovative
types of modules for HFM contactors. One of the main strategies includes
modification of the standard geometry to promote flow perpendicular to the fibres,
for example, using woven hollow fibre wound helically around a central core, using
woven hollow fibre wound mounted diagonally in a rectangular box or introduction
of baffles in the module (44).

Published lab-scale syngas fermentation studies use commercial membrane

modules or custom-built prototypes Table 2.4 and Table 2.5. These will be discussed
subsequently.
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Chapter 2

2.5.1 Flow configurations and patterns

The distinct flow configurations in HFM reactors and their respective advantages are
summarized in Table 2.6.

Table 2.6 Summary of flow configurations in a hollow fibre membrane reactor and respective
advantages.

Selection item Option Advantages
Gas supply Open-end - High gas velocities in
configuration membrane lumen

- High average gas fluxes and
transfer rates
- No water condensation

- No gas back diffusion
Closed-end - 100 % Gas transfer
Gas feed location  Shell-side feed None
Lumen-side feed - Low susceptibility of
blockage by biofilm growth.
Flow pattern Axial Co-current - Higher feed velocities
Flow Counter-current
Cross Radial flow distribution - Uniform shell-side flow
Flow Helically wound bundle distribution
. - Avoids flow channelling,
Flow diverters and baffles bypassing and dead zones
“U” shape closed-end bundle ) ngl.le.r mass transfer
coefficient

For syngas fermentation, the gas feed can enter an HFM module from the shell or
lumen side. In lumen/ tube-side feed (also known as inside-out) configuration, the
gas that is supplied to the lumen of the HFM permeates through the membrane to
the fermentation broth or biofilm across the membrane wall. In shell-side feed
(outside-in) configuration the fermentation broth circulates inside the fibres lumen.
Given the small inner diameter of the fibres, typically used for gas-liquid contacting,
the outside-in configuration is not advised because biofilm formation in the lumen
might block broth flow. Therefore, in the field of syngas fermentation this
configuration has been mainly tested for abiotic gas-liquid mass transfer
measurements (32).

In terms of gas supply and depending on their design and fabrication, HFM modules
can be operated in dead-end or open-end configuration. In an open-end
configuration, both ends of the fibre bundle tubesheets are open. For lumen-side
feeding this implies that the gas feed is supplied from one end of the bundle and the
retentate exits from the opposite end. If gas is not recycled, inherently this
configuration leads to lower extent of gas conversion since there is loss of syngas
substrate with the gaseous retentate. On the other hand, the gas velocity throughout
the membrane is usually high. Therefore, the advective mass transport in the lumen
is much faster than the diffusive transfer across the membrane, which results in
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relatively uniform syngas concentrations in the lumen, leading to high average fluxes
(71).

In a closed-end configuration, the fibre bundles are sealed at one end (24, 59) or are
looped back to form a “U” shape in the bundle (72). All the gas supplied to the
membranes is delivered through the membrane fibre, allowing 100% extent of
syngas transfer (24). However closed-end HFM are usually susceptible to gas back-
diffusion where produced CO: diffuses into the membrane lumen, which lowers the
transfer rate of CO and Hz (71). Furthermore, in HFMs for gas transfer there is also
the risk of water condensation in the HFM lumen. This problem can be caused by the
supply of dry feed gas at the temperature of the aqueous fermentation medium (73,
74). Since the gas permeable membranes are also highly permeable to water, the gas
inside the hollow fibres becomes saturated by water within a few centimeters from
the gas feed entrance. Therefore a closed-end HFM should be designed such that
condensate and lumen gases are vented (73). Perez-Calleja et al. (71) has stated that
periodic venting of the lumen of the HFM has great potential to improve the gas
transfer rate and extent, increasing the performance of the HFM module and
decrease the capital and operational costs. Steady state operation of an open-end
system with minimized gas outflow could be an equivalent option.

F)

gt

T
i

Figure 2.3 HFM modules with (A) tubesheets at both ends; (B) a single tubesheet in a U shaped
bundle; (C) one tubesheet and one sealed end; (D, E) gas feed entering the bundle from the
perforations on the central tube and exiting from (D) the port on the housing or (E) the
perforations towards the other end; (F) Baffles with alternating clearances at top and bottom
to force the flow up and down. Based on Wan et al. (56).

Depending on the relative flow directions of the two fluid phases, HFM modules can
be classified as longitudinal/axial-flow (operated either counter-current or co-
current) or as cross-flow. An axial flow pattern is often achieved in parallel hollow
fibre bundles. Perez-Calleja et al. (71) reported higher dissolved gas concentration
towards the end of the membrane fibre when operating in co-current mode. Cross-
flow is designed to provide a perpendicular flow to the membrane surface, which
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results in a higher mass transfer coefficient than that achieved with parallel flow.
The radial flow pattern can be imposed by using, for example, a HFM module with
perforated central tube to deliver the liquid feed to the shell-side, a helically wound
bundle, or by introducing flow diverters and baffles in the HFM module design -
Figure 2.3.

2.5.2 Side-stream and submerged HFMs

In stand-alone HFM modules, the liquid has a plug flow behaviour, whereas liquid
mixing is required to achieve pH control such as necessary for most industrial
fermentations. Thus, in case high performance fermentation is desired, the liquid is
circulated through a mixed compartment. The HFM module can be submerged in a
mixed bioreactor (internal module) or can be coupled with an external mixed tank.
In the internal configuration, the HFM bundle is fabricated as an integral part of the
fermentation vessel or submerged in the fermentation broth. In these systems, liquid
mixing can be achieved by using a microporous membrane as a gas micro-diffuser,
designated as a hollow fibre membrane bubble column reactor (HFM-BCR) (58, 59).
This is also done by implementation of impellers in the reactor (70), or addition of a
liquid recirculation circuit (29, 75).

In the external configuration, fermentation broth is circulated between the HFM
module and a reservoir tank. This configuration is inherently very flexible, allowing
the connection of available commercial modules to the external tank, therefore being
investigated in several laboratory studies - Table 2.5. The fermentation broth is
commonly supplied to the shell side of the membrane module and the liquid velocity
entering the module is controlled by a cross-flow pump. If the external vessel is a
stirred tank, the rotor can be used for additional mixing of the fermentation broth.
The pump settings and tube sizing should be selected to minimize the shear stress
induced on the microorganisms. The liquid feed, containing nitrogen source and
mineral medium, is supplied to the external tank. Depending on the configuration
and simplicity of the external tank, sensors can be installed, and pH, temperature
and level of the broth can be controlled. Non-volatile products are collected from the
tank effluent. For simplicity, laboratory setups can use an overflow bottle as the
external reservoir (75). Both configurations have been tested in liquid batch,
sequential batch or continuous configuration mode - Table 2.5. Gas delivery to the
reactor is always continuous.

2.5.3 Mass transfer under abiotic conditions

The typical approach to evaluate syngas to liquid mass transfer performance in HFM
bioreactors is the design of experiments to measure, directly or indirectly, the
dissolved gas concentrations in the liquid, in the absence of cells and biochemical
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conversion, and determine the mass transfer coefficients of the system from this
concentration. The volumetric mass transfer coefficient, Kia, is not only useful to
compare mass transfer capacity of different setups and at different operational
conditions, but also to provide valuable information for the reactor design or process
modelling. Different HFM bioreactor configurations for permeation of syngas
substrates under abiotic conditions have been tested at lab scale and the respective
Kia values have been reviewed, although not all literature values can be directly
compared (24, 57). Therefore, a detailed explanation is given here. The approach to
calculate Kia is highly dependent on the configuration and characteristics of the
reactor (mixed external reservoir vessel, submerged in a reactor or stand-alone) and
on the method and experimental design used.

In mass transfer studies with HFM modules with an external liquid recirculation
configuration, the following equation applies in case of a liquid concentration
gradient over the fibre length and no concentration gradients at the gas side.

In ﬁ :& 1-exp —KLaL t 2.13
CcC-C ) V v,

C* Co and C. are, respectively, the saturated concentration, the initial concentration
and actual concentration of dissolved gas in the aqueous phase in the reservoir tank
(assuming well mixed conditions), Qv is the liquid recirculation rate through the
membrane module, Vr is working volume of the reservoir tank vessel, K., the overall
mass transfer coefficient, and according to the derivation of Ahmed and Semmens
(52), a is the volume specific interfacial area of the membrane module (per liquid
volume in the membrane module), L is the hollow fibre length, v. is the liquid
velocity in the HFM module and t is the sampling time. Then, Kia for a gas is
determined by a dynamic method. During batch operation, the transient dissolved
gas concentration in the well-mixed liquid reservoir is periodically measured and
plotted against the sampling time according to equation 2.13. Kia is obtained from
the slope of this linear relation. equation 2.13 can be rearranged to the exponential
form to reduce errors resulting from linear regression.

Since Kia according to equation 2.13 is calculated per liquid volume in the
membrane module solely, it must be recalculated when accounting for the total
working volume of the bioreactor, Vi, that is, the external reservoir working volume,
Vg, in addition to the membrane module liquid volume, V.

If the characteristic time for liquid recirculation (Vr/Q.) is much shorter than the
characteristic time for mass transfer (1/K.a), equation 2.13 simplifies to equation
2.14.
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c -c, V,
In| — =Ka—"t 2.14
c-c \

R

Then, there is no concentration gradient along the fibres. This condition has been
achieved at submerged HFM reactor configurations, for which Ki.a can similarly be
determined by a dynamic method according to equation 2.15 (29, 58, 59).

c-cC
In| — |=Kat 2.15
c -c

For stand-alone HFM reactors, Kia has been calculated by a steady state mass
transfer analysis (static method) according to equation 2.16 (30, 57).

CL,out Q

Ka=
V,.AC

2.16

This applies to HFM reactors in steady state in which there are gradients along gas
side as well as liquid side of the fibre axis, but no gradients perpendicular to the axis.

K.a is based on membrane module liquid volume, Vu, CLout is the quasi-steady state
concentration of dissolved gas in the liquid outlet, and 4Cim is the logarithmic mean
dissolved concentration difference between saturated liquid (at the partial pressure
of the gas) and liquid phase (calculated differently depending on co-current or
counter-current flow operation).

The Kia values in Table 2.4 differ by three orders of magnitude and should be
compared with caution given the different methodologies used for their calculation,
the different volumes considered (total reactor working volume or solely liquid
volume of the membrane module), and the different operational parameters used in
distinct experimental setups (23, 30). It is crucial to report these factors in detail,
particularly the HFM module volume, total system volume, and volume used to
calculate Kra (57).

2.5.4 Syngas fermentation performance in HFM reactors
Pure cultures

A minority of studies mentioned in Table 2.5 investigated HFMs submerged in
bubble column reactors (58, 59). Yasin et al. (58) investigated fermentation of a
mixture of CO/CO2z by Eubacterium limosum KIST612, which yielded acetate, and as
bijproduct butyric and isobutyric acids with trace amounts of ethanol and 1-butanol.
The liquid phase was operated in batch mode, whereas the syngas was continuously
supplied through the hydrophobic microporous hollow fibres (closed-end),
resulting in formation of bubbles on the liquid side. In these type of systems, the
HFM is used as a micro-sparger of the syngas substrates, and micro-bubbles
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delivered by the membrane not only contribute to Kia but also to liquid mixing and
to reduced gas retention in the liquid. Jang et al (59) used an analogous
experimental setup to study the effect of electrolyte addition to the medium on CO
mass transfer to the liquid and on biomass, ethanol and acetate production. This
study utilized Clostridium autoethanogenum DSM10061 for the fermentation of
CO/CO2 (80:20) supplied via submerged microporous HFMs, with recirculation of
the headspace gas. Addition of 1% MgS0a4 increased ethanol productivity, ethanol
concentration, cell concentration and ethanol/acetate ratio. This was explained by
mass transfer increase due to bubble coalescence suppression in the presence of
electrolyte.

Other studies with pure cultures investigated HFM biofilm reactors coupled with an
external reservoir. Shen et al. (40) tested an HFM module made of microporous
hydrophobic polypropylene coupled with an agitated reservoir vessel for continuous
fermentation of syngas (20% CO, 5% Hz, 15%, CO2, and 60% N2) to ethanol and
acetate and characterized fermentation performance at different syngas flow, liquid
recirculation and dilution rates. A modest ethanol concentration of 23.93 g.L-1 and
ethanol to acetic acid molar ratio of 4.79 was achieved for a liquid recirculation of
25 mL.min-1L-1, a dilution rate of 0.12 d-! and for a syngas flow of 37.5 and 25 mL.min-
1L-1, respectively. Yet, this is the highest titer achieved for this type of reactor
configuration and comparable to published data for reactors employing gas
bubbling (40). The maximum ethanol productivity of 0.14 g.L.-th-! was reported at a
different dilution rate (0.96 d-1). The authors reported the formation of biofilm on
the membrane surface, but did not quantify mass or thickness. The formation of
biofilm proved to be beneficial as a cell retention method, as it was possible to grow
the microorganism at dilution rate higher than reported in suspended growth
syngas fermentation reactors using the same strain (40).

Anggraini et al. (63) compared the performance of liquid batch syngas fermentation
in a STR with and without an HFM integration, concluding that higher ethanol yield,
ethanol titer; and ethanol-acetate ratio can be achieved in the former due to an
increase in syngas mass transfer rates.

Abubackar et al. (11) reviewed a number of HFM reactor configurations patented for
syngas fermentation. Tsai et al. (69) for example, showed the usefulness of an
asymmetric HFM module that retained the cells as a biofilm layer in the membrane
pores (shell side), of approximately 400 um. The syngas stream was fed to the shell
side while ethanol and other products formed in the membrane pore biofilm were
transferred through the membrane (hydration layer) to the liquid medium, which
recirculated between the fibre’s lumen and an external stirred reservoir. With this
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configuration, C. ragsdalei produced 15 g.L-! ethanol after 20 days of continuous
operation.

Mixed cultures

Table 2.5 also includes studies that coupled HFMs with external reservoirs for mixed
culture fermentation of syngas to carboxylic acids or methane. Operational
conditions tested include membrane interfacial area, syngas composition,
continuous or batch liquid operation mode, temperature, and pH. Shen et al. (67)
investigated the conversion of CO/Hz (40:60) by a mixed culture in a closed-end HFM
biofilm reactor by varying the membrane surface area, liquid operation mode, and
temperature. The main products obtained for a sequential batch experiment at 35 °C
were acetate, butyrate, hexanoate and octanoate. The main product at 55 °C was
acetate (minimal butyrate detected), at a maximal concentration and productivity of
24.6 gL't and 16.4 g.L-l.day!, respectively, for continuous liquid operation of the
reactor. More membrane area per working volume, hence higher available mass
transfer area, led to increased production (67). Clostridium and
Thermoanaerobacterium strains played major roles in this at 35 and 55 °C. In mixed
culture fermentation of carbon dioxide and hydrogen, again acetate was the major
product (64, 65, 68). Wang et al (68). achieved the highest acetate titers (42.0 g.L-1)
in a mixed culture HFM biofilm reactor, converting CO2 and Hz (40:60) in a liquid
batch operation at 55 °C. Continuous liquid flow operation was also tested, reaching
lower titers but acetate productivity up to 10.5 g.L-1.day! at hydraulic retention time
(HRT) of 1 day.

Luo et al. (70) tested biogas production in a HFM reactor for simultaneous
continuous sewage sludge treatment and CO biomethanation at 55 °C. Complete
consumption of CO was reported, with a maximal productivity of methane of 1992
mL.L-1.d 1. The microorganisms mainly responsible for CO biomethanation were
distributed differently in the liquid and in the biofilm formed on the HFM. The
efficiency of microporous membrane used for the CO supply to the liquid was
reported to be limited due to its relatively low bubble point pressure (70).

2.6. Biofilm formation in HFM bioreactors

As HFM bioreactors can support biofilm formation, this phenomenon needs
attention. Biofilms are microbial consortia composed of one or more types of cells
adhering to each other or to a surface, enclosed in a matrix of extracellular polymeric
substances (EPS). Biofilm formation is linked to quorum sensing, a cell-to-cell
communication mechanism via self-produced extracellular chemical signals, which
allows microorganisms to monitor population density and regulate gene expression
accordingly (76).
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Depending on the hydrodynamic conditions achieved in the HFM, and propensity of
the microbial culture to form biofilms or to attach to the membrane material, a
biofilm can form in the outer layer of the membrane and cell retention in the module
can be achieved. For a liquid continuous operation, the biofilm attached to the
membrane surface continues to grow until the biofilm reaches a thickness
equilibrated with the operating conditions (77). This membrane biofilm reactor is
typically known as a counter-diffusional biofilm operation, that is, when substrate
(electron donor or acceptor) diffuses through the membrane toward a biofilm
naturally forming on the membrane outer surface, while complementary substrates
or nutrients typically diffuse from the bulk liquid into the biofilm (78). Product
usually diffuses to the bulk liquid, but depending on membrane characteristics,
volatile product can also diffuse to the lumen of hollow fibres. In that case, it would
be stripped with the gas feed (in open fibre configuration) or achieve equilibrium in
closed-end fibre.

Biofilm reactors can offer several advantages in comparison with planktonic cells
configurations as they can enable higher cell density and stability. This can lead to
higher volume specific productivity, long-term continuous operation at high dilution
rates without cell wash-out and easier downstream processing (79). Moreover, the
biofilm offers a confined microenvironment which might protects cells from
inhibitory compounds, substrates or products (79, 80).

Understanding of biofilm formation and composition is essential for the design and
optimization of biofilm-based processes (79), although limited knowledge is
available for anaerobic syngas-fermenting microorganisms. Philips et al (81)
observed that addition of NaCl (200 mmol.L-1) to their growth medium strongly
induced biofilm formation as stress response of Clostridium ljungdahlii, a well-
known syngas fermenting bacterium. The biofilm matrix was composed of
extracellular proteins, polysaccharides and DNA. Several other Clostridium species,
including syngas fermenting bacteria, are also known to be capable of biofilm
formation (82). As shown in Table 2.5, biofilms have been formed in HFMs for syngas
fermentation by Clostridium carboxidivorans P7, Clostridium ljungdahlii and
Carboxydothermus hydrogenoformans, although biofilm density (usually defined as
the biomass concentration in the biofilm), biofilm thickness, molecular composition
or mechanical properties were not fully characterized. Shen et al. (40) concluded
that liquid recirculation rate through the membrane module is crucial for the
fermentation performance, as it is responsible for maintaining an appropriate
thickness of the biofilm in the module. A high recirculation rate corresponds to high
shear stress and results in biofilm abrasion, while a low recirculation rate tends to
cause membrane biofouling in HFM reactor. Zhao et al (62) observed a
heterogeneous colonization of the membrane and mushroom-shaped micro-
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colonies in the most populated regions of the fibres, typical of biofilms grown under
low laminar flow conditions. The irregular radial biofilm distribution was related
with the possibly uneven fibre packing in the module causing irregular flow of liquid
and substrate and nutrient maldistribution. Moreover, EPS accounted for 14% of
total attached biomass.

Syngas transfer to biofilm requires the use of large membrane areas while the
membrane modules need to accommodate a desired volume of biofilm. Therefore,
the challenge with HFM biofilm reactors is to achieve and control biomass
accumulation on properly dimensioned membrane units that contain well
performing membrane materials (73).

2.7. Comparison with commercial syngas bioreactors

Membrane bioreactors and the current industrial-scale gas-lift bioreactors should
be compared on syngas fermentation potential. However, no full-scale process data
or conceptual studies at comparable operational conditions (syngas composition,
pH, temperature), scale of reactor, and microbial strain are available, as the only
current commercial process is owned and protected by LanzaTech. From industrial
data, a maximum mass transfer coefficient (Kra) of 374 h'! has been estimated for
CO in bubble columns for a superficial gas velocity of 0.14 m.s'1 (9). Higher gas flow
rates, lower pressure and non-coalescing media could increase this value. On the
other hand, values up to 1096 h-! are found for lab-scale HFM reactors - Table 2.4,
and such Kia values will not be scale-dependent in case of modular scale-up of HFM
reactors. Thus, HFM reactors need a smaller volume for transferring the same
amount of syngas.

Exploiting high Kia values requires operation at high biomass concentration. At
steady-state operation, HFM reactors with biofilms need little cell growth, whereas
gas-lift reactors and bubble columns need either substantial cell growth, or cell
retention systems, for similar performance. Estimates of costs involved in this are
not available.

Per m3, bubble column costs should decrease with increasing size because of
decreasing area/volume ratio. HFM reactor costs per m3 are determined by
membrane costs and membrane area per volume. Since this will not show much
dependency on scale, HFM reactors become less likely to be competitive if very large
production volumes are needed such as in case of bulk products like ethanol. Fine-
chemicals may be a better target for HFM reactors.
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2.8. Conclusions and future perspectives

Technical feasibility of membrane modules for syngas permeation and fermentation
has been demonstrated at lab scale. They can offer cell retention and high syngas
mass transfer, potentially leading to high productivities. To achieve this, HFM
modules with dense or asymmetric membranes such as PDMS or PMP, respectively,
seem suitable. Gas feed configurations (open-/closed-end) and liquid patterns
configurations (co-/counter-/cross-current) in these modules have not been
systematically studied. Liquid flow operation, though, should prevent biofouling of
the module while maximizing mass transfer rates. In case of external liquid
recirculation, external volume should be minimized to avoid volumetric mass
transfer losses. Comparison of published mass transfer performances of HFM
reactors for syngas permeation is not straightforward given the variability between
setups, operational conditions and calculation methodologies.

Economic feasibility of membrane modules for syngas supply in fermentations is not
clear yet, because it requires prior process optimization. However, the number of
design parameters is large; they are related to:

i. Mass transfer kinetics (membrane permeabilities, K.a determination and
standardization )
ii. Reaction kinetics and stoichiometry
iii. Biofilm kinetics (cell growth and detachment)

Using mathematical models would allow a more systematic design and optimization
of HFM reactors and understanding of each variable’s contribution to the overall
performance.
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Abstract

To allow optimization of the performance of syngas fermentation in hollow fibre
membrane (HFM) bioreactors, a computational model was developed, incorporating
hydrodynamics, mass transfer and kinetics microbial kinetics. The model allows for
systematic study and optimization of the process, considering various operational
settings. A specific case of CO fermentation to ethanol was used for illustration due
to available kinetic data. The model results were compared with experimental data
from literature, showing promising agreement. Parametric analyses were performed
to investigate the influence of process variables on key performance indicators such
as ethanol productivity, concentration, and CO conversion. The hydraulic retention
time was identified as a critical parameter affecting the ethanol concentration and
productivity trade-off. While the model provides valuable insights and predictions,
future improvements should focus on experimental validation of key assumptions
and parameters, including stoichiometry and reaction kinetics. By refining the
model, it can serve as a valuable tool to guide the design of efficient HFM bioreactors
for syngas fermentation and predict optimal operational conditions.

Keywords: Syngas, Fermentation, Membrane bioreactor, Modelling, Ethanol, Kinetics
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3. Modelling syngas fermentation in a hollow fibre
membrane bioreactor

3.1. Introduction

Syngas fermentation uses chemolithoautotrophic microorganisms that have the
unique ability to convert a mixture of gas substrates (CO, COz and Hz) to carbon-
containing commodity products such as ethanol, acetate, and 1-hexanol. This
microbial process has demonstrated potential in the reduction of greenhouse gas
emissions since it enables the utilisation of captured carbon. Therefore, it can make
a pertinent contribution regarding climate change action (83).

One of the main bottlenecks in gas fermentation is the low solubility of CO and Hz in
water, and the consequential low productivity of acetogens (1, 13, 84). This poor
solubility hampers the transfer of these gases to the microorganisms resulting in low
dissolved gas concentrations. The low growth rate motivates the use of biomass
retention systems to obtain sufficient biomass concentrations and to increase the
rate of production of the desired carbon compound. To achieve high gas transfer and
cell retention, several reactor configurations and operational conditions have been
studied and investigated for syngas fermentation (23).

In this respect, hollow fibre membrane (HFM) bioreactors are important options
(Chapter 2). The HFM works as a gas-liquid contactor, allowing syngas permeation.
The HFM’s high specific mass transfer area may enable high mass transfer. The
driving force for gas permeation can be increased by increased transmembrane
pressure. Moreover, the aqueous side of the membrane may function as a physical
support for attachment of growing microbes, leading to biofilm formation and cell
retention (40). Additionally, membrane bioreactors have been claimed to offer
several advantages such as low energy consumption, enabling continuous
operations, easy operation and scale-up (34, 35). Coupling to an external reservoir,
based on a stirred-tank reactor, yields control of the liquid residence time and thus
product titre and productivity.

A variety of process settings influence process performance in HFM bioreactors: gas
pressure, gas flow velocity and composition, the shell liquid flow pattern and inflow
rate, reservoir inflow rate, membrane parameters such as thickness, material and
type (porous, dense or composite), and reactor dimension factors like fibre length,
fibre diameter, spacing and total fibre number (Chapter 2). These can be adjusted to
improve the reactor performance. Given the numerous variables that can be
simultaneously tuned, it is impractical and time consuming to use experimental
studies for performance optimization. Instead, the influence of these process
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variables on the process key performance indicators can be determined with a
computational model of an HFM reactor.

Previous research has developed computational models to assess mass transfer in
membrane reactors. However, some models do not incorporate biomass formation
(13, 85) or do not specify membrane characteristics (86). Other models have been
developed by fitting experimental data to determine mass transfer coefficients (30,
32). More comprehensive models have been developed incorporating mass transfer
and biofilms, for wastewater treatment (87-90) and for hydrogen-based
denitrification (91, 92). Edel et al. (93) developed a simple 1D model for syngas
fermentation to acetate in membrane reactors with attached biofilm. They
concluded from their model that the biofilm thickness and the biomass
concentration in the biofilm are the most important values that influence the
productivity of the reactor. However, they did not systematically determine the
underlying dominant transport phenomena and the impacts of concentration
gradients on the biological conversion. Overall, literature models on syngas
fermentation in HFM bioreactors address only a modest part of the design space.

The current study aims to develop a descriptive model of syngas fermentation in a
lab-scale HFM reactor with biofilm that allows systematic study and optimization of
the performance. The model will incorporate hydrodynamics, mass transfer and
microbial kinetics. Although the model structure will allow numerous process
settings to be evaluated, we limit the evaluations that will be presented by fixing the
HFM reactor dimension and membrane type and by varying only a selection of the
operational settings. The model structure will be generic, hence widely applicable
for several use-cases concerning relating to gas fermentation and permeation. As
example conversion, we will take the fermentation of CO to ethanol, because of the
availability of kinetic data of the reaction. An attractive window of operation will be
derived by assessing possible trade-offs between key performance indicators:
productivity, product titre, and extent of CO conversion. The model will also enable
comparison with other reactor types and guide scale-up.

3.2. Methods

3.2.1 Description of bioreactor configuration

A schematic overview of the lab scale HFM bioreactor and process configuration is
shown in Figure 3.1. A mathematical model for gas permeation and fermentation in
a bioreactor was developed for steady-state conditions. In the modelled process, the
gaseous substrates are fed in the lumen (inside) of the membrane fibres in an open-
end fibre configuration. The substrates permeate the dense poly-dimethylsiloxane
(PDMS) membrane material, to reach the biofilm at the shell side and, if not
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converted, the liquid compartment of the HFM bioreactor. PDMS was chosen since it
offers long term high syngas permeability and mechanical stability (Chapter 2). This
will be described in more detail in the next section. The aqueous phase is
recirculated via a continuous stirred tank reactor (CSTR) which is ideally mixed and
controls outflow of the aqueous product. Some nitrogen gas may be sparged into this
reservoir via a separate gas inflow to decrease concentrations of dissolved gases.
This prevents that gases can reach supersaturation and also simulates the lab scale
provision for online dissolved gas analysis. A gas condenser in the gas outlet of the
reservoir limits evaporation of water and ethanol. Isothermal conditions are
assumed for the whole system.

Ex{,uul
C,;
g.ioul pg p/
E smod ,out g.res,oul
i res
C/ Ji,mod out
i F;,m\gm
R ——
(’/J,/‘e.\-,in
_ﬁ
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e clﬂl,re.y
1.mod ,in g.res,in
C/,Lmndm pi.ru.\;m
<
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g.i,in

Figure 3.1. Schematic representation of the lab scale HFM bioreactor module (mod, left) with
a liquid recirculation reservoir (res, right). The process streams are represented by arrows. F
is flow, ci is concentration of species 7, and p is pressure; these are defined for gas g and liquid
L

3.2.2 Model description

The numerical model assumes that the fibres are identical parallel cylinders that are
equally spaced in a hexagonal or honeycomb structure over the membrane module
length. Maldistribution in gas and liquid flow velocities and module wall effects are
neglected. Hence, one single fibre is modelled as representative of all the fibres in
the membrane module (

Figure 3.2a-b). The geometry of the HFM bioreactor is approximated by one fibre in
a two-dimensional (2D) axisymmetric configuration, where a symmetry axis is
imposed in the centre of the fibre (Figure 3.2c). This accounts for the 3D patterns
around the fibre, as it assumes that there is an equal distribution of all properties in
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the azimuthal direction. In Figure 3.2c, the geometry of each compartment (lumen
gas g, membrane m, biofilm b, and shell liquid /) is depicted together with the
respective most relevant transport phenomena and species fluxes. The domain of
fluid surrounding each fibre is approximated by a cylinder with cross-section radius
7, given by equation 3.1, which depends on the packing density ¢ according to

equation 3.2 via the volumes V' (94). From this, the fibre spacing of the membrane

= rm"g\/% 3.1

module dspacing Was derived as equation 3.3.

YotV 3.2
Vshell
int
dspacing = 2(rl - rrrl1rll) ) 33

The numerical model describes fluid flow and also mass transport and reaction of
the fermentation substrate (CO) and the products (biomass, ethanol and COz) in the
gas, membrane, biofilm and liquid compartments, if applicable (sections 3.2.3 and
3.2.4). In the gas and liquid phases, radial diffusion and axial convection are
considered, while in the membrane and biofilm only radial diffusion was taken into
account for solutes transport. Partitioning (constant K) is assumed at the interfaces
between the gas phase and the membrane and between the membrane and the
biofilm layer.
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Figure 3.2. Schematic configurations used for designing the model of the HFM module. (a): 3D
module of a HFM system with three fibres, although the module used has 550 fibres. (b): the
used approximation, with only one fibre in 3D. (c): The 2D axisymmetric system which was
eventually used for modelling this system.
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3.2.3 Flow balances

Gaseous flow through the fibre was assumed to be a compressible and laminar flow.
Gravity was excluded due to the low gas density py and the short length of the fibre.
The viscosity g of the syngas was calculated at the inlet composition and assumed
not to change along the fibre length Lz Momentum continuity was modelled, at
steady-state, by the constitutive Navier-Stokes equation, equation 3.4, which
accounts for momentum changes due to advection, pressure differences and gas
viscosity and compressibility effects. This was coupled (95) with mass continuity
according to equation 3.5, while taking into account that a gas pressure gradient
over the length of the lumen of the fibre will cause density variations to according to
equation 3.19, which will be given later.

, (ug ~V)ug:V~(—pg I+7, (V u, +(Vug)T)—§ng (V- ug)l) 3.4
V-(pgug):O 3.5

As boundary conditions, symmetry was imposed at r = 0 according to equation 3.6.
At the gas-membrane interface a no-slip condition was imposed according to
equation 3.7. The fibre gas flow at the inlet was assumed to be fully developed as the
length of the fibre is much larger than the diameter of the fibre (72) and equals the
total gas flow into the lumen divided by the number of fibres Nr according to
equation 3.8. At the fibre outlet, the boundary condition imposed a normal flow
pressure regulated with a pressure controller, which suppresses the backflow
according to equation 3.9.

ou

Uy, | =0 and —24 =0 3.6
=0 or
r=0
int
u,(r=ry)=0 3.7
Fg,in
Fg,f,in(Z:O) :N_f 3.8
pg (Z = Lf) = pref +Apg 39

The shell liquid flow was modelled assuming laminar flow (Re < 15). Effects of the
solutes (nutrients, ethanol, dissolved gases and biomass) on the viscosity and the
density of the liquid phase were always neglected. At steady state, momentum
continuity was described by the constitutive Navier-Stokes equation for
incompressible flow according to equation 3.10 - taking into account advective,
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pressure, viscosity and gravity effects on momentum. Mass continuity was modelled
by equation 3.11.

,o,(ul.V)u,:V-(—pI |+77|(V u+(V ul)T))+p|9 3.10
AV-u =0 3.11

As boundary conditions, a no-slip condition was applied at the liquid-biofilm
interface according to equation 3.12, and flow symmetry was applied at r = r; by
using equation 3.13. At the liquid outlet, the pressure was controlled, and backflow
was suppressed according to equation 3.14. At the inlet, the liquid flow to the shell
was divided by the amount of fibres according to equation. 3.15.

u(r=nr") =0 3.12

e =0 and h, =0 3.13
P(z=L;) =P +AP, 3.14
Fin(z=0) =F'|Tl—°:"” 3.15

The shell-side Reynolds number is given by equation 3.16.

_ pLVLdspacing
T

Re 3.16

3.2.4 Species material balances
Gas phase

Steady state mass balances for all chemical species i in the gas phase were solved for
the mass fractions wg,and involved convection and diffusion transport mechanisms:

Py (Ug V)@, +V-35, =0 3.17

The species relative diffusion flux Jg,4 was defined according to the Maxwell-Stefan
model (96) as the gaseous species fractions are all in the same order of magnitude:

g

n vp
d _ g
Jg,i__pgwg,iZlDi,j [vxg,i"'(xg‘j_wg,i) D J 3.18
=
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This includes the Maxwell-Stefan diffusion coefficients (D;; for species i in j), and as
driving forces gradients of mole fractions ( Vx, ;) and total gas pressure ( Vp, ).The

gas density py was computed assuming ideal gas behaviour with mass averaged
molar masses M;:

]
pg 2 a)gi
L e T 3.19
Ps RT[;MJ

The gas pressure pgy and velocity ug follow from the gas flow equations, which in turn
make use of the variable gas density pg.

A Danckwerts-type boundary condition was assumed at the fibre inlet (z = 0):

d
Uy ,Coiin = (U .Coi + Iz )z:O 3.20
with the inlet mass concentrations of the gas species cg,iin defined as:
Py
Cyi = Xgi E M, 3.21

Symmetry was imposed at the fibre axis, (J;iyr)rzo =0. An outflow condition (zero

diffusion flux) was set at the end of the fibre, (J;ivz) =0.

7=L;

A flux continuity condition was set for each species at the gas-membrane interface
(r = Rgm), assuming that the diffusion flux on the membrane side equals the diffusion
flux plus Stefan effective convection flux at the gas side of the interface (97).

Membrane

In a dense PDMS membrane, steady state species transport is modelled according to
the solution-diffusion model and is therefore described by Fick’s law for all
compounds dissolved in the membrane (38), as function of molar concentration cm,
while assuming an isotropic diffusion coefficient D,

v-(D,,Ve,;)=0 3.22

No-flux conditions were imposed at z = 0 and z = Ly. At the gas-membrane interface,
the species concentration in the membrane was coupled with the gas phase
concentration via a partition coefficient Kim9:

(Cm,i )r:R = Kimyg (Cg!i )r:R 3.23

'gm gm
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The flux through the membrane was coupled to the flux in the biofilm, assuming flux
continuity according to equation 3.24.

Jn =-D, %G, 3.24

i,mb b,i ar :

The membrane diffusion and partition coefficients of the dissolved species were
calculated (98). The biofilm species diffusion coefficient was calculated from the
liquid diffusion coefficient (98), while assuming a biofilm diffusivity factor fz (38)
according to equation 3.25.

D,, = fsD,; 3.25

Biofilm and liquid

The mass balances in the biofilm, equation 3.26, included transport in the biofilm by
Fick’s law and a reaction kinetics term, as convection was assumed to be absent in
the biofilm. The reaction kinetics term includes the biomass-specific rate g: and the
biomass concentration cx. No flux (Ji = 0) was imposed at z = 0 and z = L. Flux
continuity was imposed at the biofilm-liquid interface according to equation 3.27.
The liquid flow and biomass distribution in the membrane module were assumed to
be uniform, for simplification, therefore the biofilm thickness d» and its biomass
concentration were assumed to be constant along the fibre’s length. The biofilm
thickness (Table 3.1) was assumed based on a study on HFM biofilm reactor with
mixed culture syngas (Hz/COz) fermentation by Wang et al.(68) , which reported
scanning electron microscopy (SEM) photos of the cross-section of a single fibre. At
the membrane-biofilm interface, the solute concentrations were coupled to the
concentrations in the biofilm, while taking partition equilibria at the interfaces into
account according to equation 3.28. However, for larger pressures, supersaturation
and subsequent bubble formation could occur in the biofilm. It was assumed that in
these cases the concentration of solutes in the biofilm equals the maximum solubility.

Db,ivzcb,i =0iCy x 3.26
. C, .

I =-D,; % 3.27
toor

ml,int ml ml,int ml sol
cmbint _ Coi 1K when ¢t /K™ <c;
b c” when ¢t /K™ > ¢

The liquid mass balances are given by equation 3.29. Transport in the shell liquid
phase was governed by axial convection and radial diffusion. Microbial conversion
of CO in the liquid was considered when suspended biomass was present in the
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liquid. At the liquid inlet, a Danckwerts boundary condition was imposed, equation
3.30, as this takes axial dispersion into account (99). At the liquid outflow, equation
3.31 was applied as no-flux condition. Equal partitioning was imposed at the biofilm-
liquid boundary, according to equation 3.32, as both compartments are aqueous.
Lastly, symmetry was applied in the middle of the liquid phase by using equation
3.33.

u,- Ve, +D, Vi, =qc,, 3.29

uc(z=0)= u,cmn+D,i% 3.30
’ " T ooz

%(z =L;) = uVc; 331

i = 3.32

%(r =) =0 3.33

Evaporation of water and ethanol from liquid to gas phase was included in the model
by analogy with CO mass transfer. The partial pressure gradient over the membrane,
which was based on the saturation pressure in the gas phase and the concentration
in the liquid phase, was taken as the driving force for evaporation.

Microbial conversion of CO was modelled according to equation 3.34. This equation
is based on the CO uptake kinetics which were derived by Mohammadi et al. (100)
and a linear fit of ethanol inhibition data from Ferndndez-Naveira et al. (101). For
ethanol concentrations cirton exceeding the tolerance Kieton (45 g.L1), we used qco=0
instead of equation 3.34. By derivation of a black-box stoichiometric model for
Clostridium spp. (102) for the metabolic and catabolic reactions, the reaction
stoichiometry was determined. Incorporating the maintenance requirement mms,
the microbial-specific growth rate was calculated using equation 3.35. With the
Herbert-Pirt relationship, the compound-specific reaction rates were calculated
using equation 3.36. Details on the derivation of the kinetic model for CO uptake, CO
inhibition, ethanol inhibition and the reaction stoichiometry have been reported by
Puiman (98).

C C
max max k,CO k,EtOH -
—Oco =—Uco ICOIEtOH =—(co X C {1_ K J with  k=[b,1]
k,CO JEtOl
Kp,co +Ccot ! EoH

1,co
3.34
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-m
U= q“; s 3.35
co
m Ycat
qi =Yimet/u+ $Sca(t:0 3.36

External Reservoir

As mentioned, the reservoir was also at steady-state and was ideally mixed. It was
assumed that reaction in the reservoir can be neglected. The liquid inflow to the
system and outflow from the system via the reservoir were assumed to have equal
rates. Assuming ideal mixing and steady-state behaviour in the reservoir, the
compound-specific concentration in the liquid phase in the reservoir is described by
equation 3.37, which is derived from solute-specific mass balances (which depends
on inlet and outlet liquid flow rates and compound mass transfer to the gas phase in
the reservoir). The liquid hydraulic retention time HRT in the HFM bioreactor
including reservoir, is inversely proportional to the dilution rate D and defined by
equation 3.38.

v pi, |
Fl,res,inCI,i,res,in + l:I,mod.outcl,i,mod Jout + (kﬁ'ia)res Vres Ri.rFS Kig
Cl,i,res = kov 3.37
Fl‘mod,in + Fl,res,out + L,iavres
HRT = i _ Vl,tot _ Vres +Vshe|| _Vbiof 338
D FI ,res,out I:I ,res,out
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3.2.5 Model parameters

Table 3.1 Non-compound-specific parameters used for modelling the HFM membrane module.
Some parameters were provided by the membrane producing company (OxyMem).

Parameter Symbol Value Unit Source
General parameters

Temperature T 37 °C a
Reference pressure Pref 1 atm a

HFM module parameters

Inner fibre diameter d; 340 pum Oxymem
Membrane thickness dm 110 um Oxymem
Fibre and module length Ls 40 cm Oxymem
Number of fibres N 550 - Oxymem 3
Shell volume Vshett 500 mL Oxymem
Fibre spacing Aspacing 0.123 cm (98)
Packing density ¢ 9.7 % a
Volume-specific surface area a 774 m™! (98)

Gas phase parameters

Lumen gas flow rate Fyin 4-400 mL. min~?! b

Fibre gas flow rate Fyrin 0.0073 - 0.727 mL.min~? a

Lumen gas overpressure Apg 0.5 bar c

CO gas viscosity at inlet Ng 1.8-10% Pa.s (98)

CO gas density at inlet Py 1.63 kg. m™3 (98)
Biofilm and reaction

parameters

Diffusivity factor fs 0.8 - d
Biofilm thickness dy 100 or 190 um b,d
Biomass concentration Chx 15 kg.m™3 d
Maintenance requirement My 0.066 molcg.molzt.h™  (98)
Max. CO uptake rate —qis 0.0344 molgg. gzt h™t (100)
CO saturation constant Kpco 0.0178 molgg.m™3 (100)

CO inhibition constant Kico 0.510 molgg.m™3 (100)
Ethanol inhibition constant K, gron 978 molgoy. m~3 (98)
Liquid phase parameters

Shell liquid flow rate« Fimoa,in 10-500 mL.min™?! a

Shell liquid flow rate per fibre Ffmoain  0.00036-0.909 mL. min~? a

Liquid overpressure Ap, 0 atm b

Liquid viscosity m 7.0-10* Pa.s (98)
Liquid density oy 993.6 kg. m~3 -
Reservoir parameters

Gas inflow rate (co-current) Fyresin 1-100 mL. min™?! b

Inlet pressure Pres,in 1 atm a

Liquid inflow rate Firesin 0.025-2 mL.min™?! b
Reservoir volume V.es 0.5 L a
Volumetric mass transfer _

coefficient (kf_’f a)res 30 h (98)

aProcess parameter. b Process parameter value used is mentioned when discussing models.
¢ Process parameter having a different value in cases where mentioned. 4 No source available,

hence assumed.
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Table 3.2 Compound-specific parameters used for modelling the HFM membrane module (98).
Partition and membrane diffusion values for ethanol and water are calculated for 37 ° C, while
the values of the gasses were calculated temperature of 35 - C. All the other parameters were
calculated for a temperature of 37 - C.

Parameter Symbol  Unit co CO: H: Nz EtOH Hz:0 Biomass
General parameters

Molecular mass M; g.mol ™! 28 44 2 28 46 18 24.62
Gas phase parameters

CO gas inlet Xg,iin mol;. molgalS 0.50r1 108 108 108 - - -
composition

Maxwell-Stefan Dy iav 1075m?.s™* 1.5 1.2 6.0 1.6 ~1 ~1 -
diffusion coefficient

Membrane parameters and partition coefficients

Membrane P; 109m?.s71 0.382 2.93 0.723 0.316 34.1 5410 -
permeability

Diffusion coefficient D i 109m?.s7t 3.40 2.20 14.0 3.40 1.46 4.87 -
Membrane-gas K™ - 0.112 1.333  0.052 0.093  23.36 1111 -
partition coefficient

Membrane-liquid KM - 5.201 2.048 2731 6.752  0.0024 1.59-10* -
partition coefficient

Liquid-gas partition Kilg - 0.0216 0.651  0.0189 0.014 9721 22647 -
coefficient

Biofilm and reaction parameters

Diffusion coefficient Dy, ; 109m?.s71 217 2.05 4.81 2.01 0.97 - -
Catabolic reaction yea mol;. molgloy -6 4 0 0 1 -3 0
yield

Metabolic reaction ymet mol;. mol;! -46.06 3041 0 0 7.33 -22.58 1
yield

Liquid parameters

Diffusion coefficient Dy; 107°m2.s71 271 2.56 6.01 2.51 1.21 - 1.98-10*
Solubility cf,f’l mol;. m™3 0.85 25.6 0.74 0.54 - - -
Reservoir parameters

Inlet partial pressure Dires,in atm 0 0 0 1 0 0 0
Liquid inlet Cliresin mol;. m~3 0 0 0 0 0 55555 0
concentration

a Considering a biomass composition of CH1.8005No.2.
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3.2.6 Model solution

The model was solved with the finite-element simulation platform COMSOL
Multiphysics (COMSOL 5.4, Comsol Inc., Burlington, MA, www.comsol.com) using
a steady Newton nonlinear solver. A mesh was developed with varying element size,
100 cells in the axial direction, in gas, membrane, biofilm, liquid phases, and radially
varying cell numbers of 30, 50, 20, 100, respectively.

3.2.7 Key process performance indicators

The volume-averaged volumetric mass transfer coefficient for CO, for the HFM
module, was calculated for an abiotic system (without the presence of cells or
biofilm) and without recirculation through the reservoir by using equation 3.39. The
total mass transfer rate Tcomint was calculated as the amount transferred from the
membrane to the shell, in the whole HFM module, whereas Acco is the substrate

concentration gradient between gas and liquid side, with <C>A denoting the surface

average of concentration.

N f Asm'l"' J mI,intd int
ov Tcng’lnl Vshell 0 «© m
kL,coa = = 3.39

gm,int lg ml,int
ACqo <Cg,co >A Keo _<C|,co >A
s.gm

s,ml

The performance of syngas permeation and fermentation in HFM bioreactor was
evaluated in terms of ethanol concentration (in the reservoir) using equation 3.37,
volumetric ethanol productivity using equation 3.40, biomass-specific ethanol
productivity using equation 3.41 and extent of CO conversion using equation 3.42.
The extent of CO transfer was calculated using the amount entering (denominator of
equation 3.42) and the similarly the amount leaving with the off gas at z = L.

N, (v .
Ri =Mig— [ ace dv,  with  k=[b,I] 3.40
shell
N v .
P =Mio—["a v, with k=[b] 341
shell
Vy
JQCoCb,deb
CO conversion =—2 3.42
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3.3. Results and Discussion

3.3.1 Abiotic mass transfer coefficient

By changing the liquid flow rate on the shell side, and consequently the Reynolds
number (Re), the resulting volume-averaged volumetric mass transfer coefficient
kuco®va gives a measure of the bioreactor efficiency for mass transfer.

Figure 3.3 shows the kico®a value for the HFM module given different CO
concentrations in the feed gas; and, for a fixed CO concentration, the kico%va
dependence on Re (hence varying liquid flow rates).
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Figure 3.3 Overall mass transfer coefficient in an abiotic HFM module at Fy,i»=20 mL.min-1. (a)
At Re = 4.6 (hence Fmodin=200 mL.min-1) and varying CO inlet molar fraction, Xco,n. (b) At
varying Re (hence varying liquid flow rates), at a CO inlet molar fraction of 0.5.

For an abiotic system, a maximum volume-averaged volumetric ki, co®’a for the HFM
module of 343 h-1is achieved for CO inlet molar fractions, xco,in, below 0.70, as shown
in Figure 3.3a. For higher xcoin values, the kico®’a value decreases, reaching a
minimum of 40 h! (for 100% CO). The low mass transfer rates obtained in this
regime are explained by saturation of the water by CO at a certain length of the fibres.
By decreasing the fraction of CO in the gas phase below 0.7, the maximum solubility
is not reached in any region of fibre, increasing the mass transfer rate and thereby
the volume-average kico®a. For a biotic system, the consumption of CO by the
microorganism is expected keep the dissolved concentration below its solubility.
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Thereby, for increased mass transfer performance, a biotic system could operate at
higher CO inlet molar fractions than 0.7. The abiotic kico®a calculations are,
therefore, a useful conservative estimation of the biotic kz,co%a.

When the Reynolds number is increased (by increasing the shell liquid flow rate),
the mass transfer coefficient increases as well Figure 3.3b. This increase is due to the
larger convection rates obtained, which cause a thinner mass transfer boundary
layer at the membrane-liquid side. A thinner liquid boundary layer leads to less
diffusion in the liquid phase and thus increases the mass transfer rate and its
coefficient. At higher liquid flow rates, the concentration in the liquid at the
membrane-liquid interface is lower, therefore, the mass transfer driving force is also
higher.

For Re higher than 3, the mass transfer coefficient reaches a maximum of 343 h-1. At
increased liquid flow velocities, the thickness of the liquid boundary layer becomes
constant and, thereby, the liquid side mass transfer resistance reaches its minimum.
At this regime, the membrane is expected to be the main resistance for mass transfer.
Orgill et al. (57) experimentally obtained the kico’a of a PDMS HFM module, for
different Reynolds, measuring a maximum of 420 h-1 for a Reynolds of 3.4. This result
is comparable (same order of magnitude) and expected to be higher than kicova
obtained by our model (Figure 3.3b), since the former used a HFM of the same
membrane material but at a different geometry (higher fibre packing density and
lower membrane thickness). A lower membrane thickness corresponds to lower
membrane mass transfer resistance (Chapter 2) and thereby to an increased ki,co®va
(when the membrane phase is the main mass transfer resistance).

3.3.2 Comparison between biofilm and suspended biomass configuration

When using an HFM for syngas permeation and fermentation, it is still unclear if the
formation of biofilm is beneficial for the process performance. Biofilm formation
leads to cell retention, which can increase the volumetric productivity, by increasing
cell concentration. An example of solutes’ concentration profiles in the multiple HFM
module compartments is shown by Puiman (98). On the other hand, the biofilm
might hinder mass transfer and consequently ethanol productivity. To elucidate
which is the preferred operational scenario, both configurations were simulated and
are compared in Figure 3.4. The biofilm configuration can achieve higher biomass
concentration (per volume of biofilm) than the suspended configuration due to
inherent higher biomass densities which are typically contained in the biofilm (89).
Figure 3.4a shows that the volume-specific productivity Pv of ethanol can reach
higher values in case of a biofilm. Figure 3.4b shows that the maximum biomass-
specific ethanol productivity Py is the same for both configurations (0.15 geton.gx1h-
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1) and, while it is reached at a concentration of 2 gx L for suspended biomass
configuration, it is reached at a biofilm density of 48 gx Lviof® .

1
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Figure 3.4 The shell-volume-specific ethanol productivity for different amount of suspended
and biofilm biomass in the HFM module. The circles depict the lowest and the squares the
highest possible value used for the concentrations of biomass in the suspended and biofilm
configurations (see Table 3.1).The biofilm thickness was fixed at 100 pm, pure CO was used
as feed gas and the module liquid flow rate Fimod,n was fixed at 200 mLmin-! in all cases.

The optimal biomass-specific productivity and the decline of the slope of the
volume-specific productivity can be explained by comparing the characteristic times
of reaction and of radial diffusion (98). For suspended biomass, at a concentration
of 2 gx L1 (0.9 gx in the module), the characteristic time of reaction matches the
characteristic time of radial diffusion in the liquid (Figure 3.5a). At this biomass
concentration, CO diffuses through the entire liquid phase, allowing all biomass to
be used for reaction. At higher biomass concentrations, CO is consumed by biomass
located closer to the membrane and it is completely depleted further way (in the
radial direction). Increasing biomass concentration increases mass transfer rate to
the liquid phase since the reaction is not limited by mass transfer, thereby ethanol
volumetric productivity increases accordingly.

For the biofilm configuration, the characteristic time of reaction equals the time of
diffusion in the biofilm when biomass density in biofilm is 48 gx Luior!, equivalent to
4.7 gx in the module (Figure 3.5b), thereby the maximum biomass-specific ethanol
productivity is achieved at this concentration. The reaction is constrained by the
kinetics of the organism at lower biomass concentrations, where the reaction rate is
insufficiently slow. Increasing the biomass concentration results in an increased
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conversion capacity. Above 48 gx Luior!, CO mass transfer is limited by the rate of
diffusion in the biofilm. Not all CO reaches the biofilm-liquid boundary, yielding
some biomass ineffective, and a decreased slope in Px.

Figure 3.4a suggests that the achievable volume-specific productivity of ethanol is
higher for a biofilm thickness of 100 pum than for a suspended biomass configuration,
when the biofilm can retain more than 3 gx in the membrane module (which
corresponds to 31 gx Luvior1). If that biomass concentration could not be reached in
the biofilm, then these results suggest that suspended biomass in this HFM module
would lead to the highest productivities, and that the HFM would act as an efficient
gas permeating device. Obviously, this trade-off point will change if other liquid flow
rates will be taken, for example.
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Figure 3.5 For (a) the suspended biomass and (b) the biofilm configuration, characteristic
times for CO membrane diffusion, biofilm diffusion and reaction were calculated for different
amounts of biomass in the module and respective biomass concentration. The biofilm
thickness was fixed at 100 um, pure CO was added in the gas phase and the module liquid flow
rate Fimod,in Was fixed at 200 mL-min-1 in all cases.

3.3.3 Parametric analyses (process performance indicators vs operational
parameters)

The influence of important process variables on process performance was assessed
by parametric analyses (Figure 3.6). The impact of the lumen gas flow rate, lumen
gas overpressure, liquid overpressure and hydraulic retention time (HRT) was
investigated. The ethanol volumetric productivity, ethanol concentration and the
extent of CO conversion were considered as key performance indicators (KPIs). No
analysis is shown of the impact of external reservoir volume and shell liquid
recirculation flow as they were found to have a marginal influence on the considered
KPIs (98). For the parametric analysis, the base value of each studied process
variable was kept constant while changing another variable. The base values and
operational window are reported in Table 3.3.
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Table 3.3 Operational window of the key process variables studied by parametric analysis.2

Parameter Symbol  Unit Base Value Lower value Upper value
Lumen gas flow rate Fgin mLmin? 20 4 200

Lumen gas overpressure  Apg atm 1.5 1 1.5

Liquid overpressure Api atm 1 1 2

HRT® - day 5.7 0.31 25

a2 Fixed values were Fimodin = 150 mL/min, Fgresin =1 mL/min, and dp = 190 pm.
b Modified by changing Firesin according to Table 3.1.
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Figure 3.6 Trade-off trends within the operating ranges of the different process parameters
While changing one parameter, the others were kept constant according to their base values
in Table 3.3. The circles depict the lower boundary, while the squares depict the upper
boundary. a) The trade-off between the volumetric ethanol productivity and the ethanol
concentration. b) The trade-off between productivity and the extent of CO conversion.

Regarding HRT, there is a clear trade-off between the concentration of ethanol and
the productivity. Higher productivities lead to lower concentrations and vice versa.
Also, variation of HRT leads to changes of the productivity and the concentration in
a very wide range, compared to the other variables. Varying the lumen gas flow rate
could create a change in concentration of around 5 g L-1, while the influence of the
gas pressure and the liquid pressure is negligible in these cases (Figure 3.6a).
Furthermore, the influence of the gas flow rate on the volumetric productivity is
marginal compared to the influence of HRT on the volumetric productivity. However,
the gas flow rate could be used to manipulate the extent of CO conversion in the HFM
reactor. By varying the lumen gas flowrate, one can steer the extent of conversion
from almost 0% to 100% (Figure 3.6b). The gas flowrate leading to the highest
volumetric productivity leads to a CO conversion of about 90% (Figure 3.6b) without
harming the ethanol concentration (Figure 3.6a).

Since HRT has the most prominent impact on the considered KPIs, its contribution
to process performance was further evaluated (Figure 3.7).
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Figure 3.7 Simulated values (a) the shell volume-specific ethanol productivity, (b) the ethanol
concentration in the reservoir and (c) the extents of CO conversion and transfer. The HRT was
varied between 0 and 25 days and other process parameters were kept at their base values as
given in Table 3.3.

The dilution rate and hence HRT influence accumulation of solutes. From Figure 3.7
it can be observed that lower HRT results in higher productivities, but low ethanol
titres. Atlow HRT, the concentration of ethanol approaches zero, while at higher HRT
(25 days) the concentrations increase to around 35 g L-1. This large change in the
achievable ethanol concentration range also implies that this parameter can be used
to steer the effect of the ethanol inhibition on the volume-specific ethanol
productivity. Experimentally, the HRT could be easily controlled to achieve the
desired ethanol concentration and change the biomass productivity (if steady states
can be reached). A larger extent of the feed gas is transferred through the membrane
at high HRTs, and also a larger extent is converted in the biofilm, although the
proportion of the transferred gas that is converted in the biofilm decreases with
lower HRTs; the rest of the transferred gas leaves the system unconverted via the
reservoir exits The diminishing amount of ethanol inhibition at high liquid outflow
rates (high HRTs) cause that relatively much CO is consumed. The higher reaction
rate leads to a higher driving force for CO transfer across the membrane.

The results predicted by our simulations were compared with experimental results
reported in literature (Figure 3.8). Shen et al. (40) conducted syngas fermentations
in a HFM bioreactors to investigate the impact of HRT on ethanol concentration and
productivity. They cultivated Clostridium carboxidivorans P7, growing on syngas
(containing 25% CO), using a gas flow rate of 300 mL minl, in a commercial
microporous HFM module coupled to a reservoir (also sparged with the same gas
flow). To get the same metrics as in the literature, we calculated productivity per
total liquid volume rather than per shell volume, but the comparison performed still
cannot serve as an experimental validation of the model results given the wide
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difference between fermentation operational settings (microbial strain, HFM
material, gas composition and flow, etc.). Nonetheless, the results obtained by our
simulations and experimentally by Shen et al. (40) regarding ethanol concentration
and productivity dependence on HRT are in the same order of magnitude and show
the same trade-off (Figure 3.8). These similarities support the value of the model to
predict trends regarding performance of syngas fermentation in HFM bioreactors.
Given that the model predicted performance and maximum ethanol productivity
(0.4 g L'th'1), the bioreactor configuration is far from optimal industrial production
targets (10 g L-th'1) (103). Current industrial fermentation settings are expected to
be highly optimized both regarding reactor configuration and operation and
strain/medium engineering.
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Figure 3.8 The influence of the hydraulic retention time (a) on the ethanol concentration in
the reservoir and (b) on the total-volume-specific ethanol productivity. Lines are simulations
using parameters from Table 3.3 and markers are experimental data from Shen et al. (40).

3.4. Model Evaluation

For a proper model evaluation, all the model assumptions and results should be
critically analysed and, if possible and applicable, they should be validated. A
systematic list of experiments that would validate model assumptions (regarding
process conditions, process parameters) and results has described in detail (98).
Regarding process conditions, it would be essential to verify that the liquid and gas
flows distribution is homogenous, such that one fibre approximation would indeed
be representative of the whole HFM module, and that the biofilm is flat and
homogeneous. The most sensitive model assumptions to analyse are the reaction
stoichiometry and kinetics (microbial CO uptake, CO inhibition, and ethanol
inhibition), given the lack of relevant and accurate literature to describe these
properties (104). For biofilm systems, additional knowledge gaps have also been
identified (Chapter 2). The most sensitive process parameters to examine are the
biofilm thickness, biomass density in the biofilm, and the diffusion coefficients in the
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biofilm, which may be process-specific. The model allows to perform sensitivity
analyses to study their impact on the results (namely on KPI) (98), and when more
experimental data are available the model can be adjusted.

The diffusion of ethanol through the dense PDMS membrane and the resulting
permeation to the gas phase was negligible at low gas flow rates, allowing model
simplification. On the other hand, increase of gas flows might be used as strategy for
in-situ removal of volatile products with the unused feed gas stream. This could
reduce product inhibition effects and consequently increase volumetric production
rates, and potentially facilitate downstream separation processes.

3.5. Conclusions

A model was successfully developed for the description and evaluation of gas
fermentation and permeation processes in HFM bioreactors. The model results
allow for a systematic analysis of the influence on process performance of crucial
process variables including variables that are usually not measured (such as CO
dissolved concentration). The results regarding abiotic and biotic simulations are
comparable with literature experimental results. The predicted HFM mass transfer
coefficient is promising and aligns with literature data. For the modelled process
conditions, the gas mass transfer resistance in the membrane does not hinder
process performance given that the reaction rate proved to be rate limiting. The
model predicts an operational window where a biofilm configuration could lead to
increased productivities compared with suspended biomass. The HRT governs a
trade-off between ethanol concentration and production rate. An important step for
advancing the model would be a better description and validation of the microbial
stoichiometry and kinetics for CO consumption and ethanol formation. New insights
in the metabolism could lead to enhanced predictions of ethanol concentrations,
ethanol productivity and extent of CO conversion. The same holds for biofilm
characteristics (thickness, biomass concentration and diffusion coefficients). Overall,
the model can be used as a tool to evaluate dense HFM modules for permeation and
fermentation of gaseous substrates to ethanol. It may guide experimentation and
subsequent optimization. The model structure is suitable for adaptation to other
products and substrate gases.
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Chapter 4

The impact of broth components
on mass transfer

This chapter has been published as:

Puiman, L.* Elisiario, M. P*, Crasborn, L. M., Wagenaar, L. E,, Straathof, A. ]. ], &
Haringa, C. (2022). Gas mass transfer in syngas fermentation broths is enhanced by
ethanol. Biochemical Engineering Journal, 185, 108505

*These authors contributed equally to this work.
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Abstract

In gas fermentations (using Oz, CO, Hz, CH4 or CO2), gas-to-liquid mass transfer is
often regarded as one of the limiting processes. However, it is widely known that
components in fermentation broths (e.g. salts, biomass, proteins, antifoam, and
organic products such as alcohols and acids) have tremendous impact on the
volumetric mass transfer coefficient K.a We studied the influence of ethanol on mass
transfer in three fermentation broths derived from syngas fermentation. In
demineralized water, we observed that the addition of ethanol, the expected product,
increased Kra two-fold in the 0-5 g.L-! range, after which near-constant K.a values
were obtained. In the fermentation broths, K.a was increased significantly (2-4 fold
compared to water) by ethanol supplementation, and to be highly influenced by
broth salinity. Our results indicate that kia is a dynamic parameter in gas
fermentation experiments and can be significantly increased due to broth
components.

air-water air-broth-ethanol
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Large bubble diameter
Low mass transfer
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Keywords: syngas fermentation, mass transfer, fermentation broths, ethanol, bubble
column
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4. The impact of broth components on mass transfer

4.1. Introduction

Many fermentations with gaseous substrates (e.g. 0z, CO, Hz, CO2, CH4) are
considered as promising conversion processes for a multitude of useful products (e.g.
succinic acid, ethanol, butanol, hexanoic acid, lactic acid) (105 - 107). For many of
these processes, poor gas-to-liquid mass transfer and low dissolved gas
concentrations, have been identified as a limiting factor (108 - 111). Based upon that,
a lot of research, for example in syngas fermentation, is focused on increasing the
volumetric mass transfer coefficient (k.a) by developing innovative reactor
configurations (23, 30, 108). Understanding of the ki.a values obtained is essential
in the gas fermentation field.

For a long time, it has been known that medium components and products (such as
salts, acids, alcohols, surfactants, biomass and antifoam) can significantly affect k.a
(18 - 21, 112). For a broad range of alcohols in water, a 5-fold increase in k.a was
observed in a narrow concentration range (112), which was explained by a decrease
in Sauter mean bubble diameter (dsz) (from 4 to 1 mm) and a two-fold increase in
the gas hold-up (&¢) (113). The presence of alcohol decreases the surface tension and
stabilizes low-diameter gas bubbles, preventing repulsions and thereby inhibiting
coalescence (113, 114). Similar effects on mass transfer were not only observed for
alcohols, but also for organic acids, ketones and compounds like lactic acid (18, 113,
115). Changes in the gas solubility at alcohol concentrations relevant for gas
fermentations were, however, expected to be negligible (116).

Similar effects were noticed for electrolytes, Lessard and Zieminski (19) observed
significant coalescence inhibition (more than 90%) for different salt solutions with
ionic strength above 0.3 mol.L'}, resulting in increases in k.a (112). The presence of
biomass, however, may decrease ki.a by absorption to the bubble surface (the so-
called “blocking effect”), as well as by increasing the viscosity, which stimulates
coalescence (20) and reduces the diffusion coefficient (117). Dissolved proteins,
however, are known to improve mass transfer as they stabilize bubbles and prevent
coalescence (21). Furthermore, in air-water systems, the mass transfer coefficient
(k) is known to be, amongst others, a function of the bubble diameter: Small bubbles
(dp around 1 mm) have a rigid surface with a k. around 1.10-* m.s', while larger
bubbles (d» > 2 mm) have a mobile surface and k. between 3 and 5.10-4 m.s'1 (17).

Typically, biomass, salts, proteins, products, and substrates are jointly present in
fermentation broth, and might change the medium physical properties (i.e. surface
tension, viscosity, density) with respect to pure water. Some empirical relations
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(Table S1) predict the influence of these properties on kia (111, 118 - 122). As these
relations have been developed using air-water mixtures without taking into account
biomass and salts concentrations, their validity for fermentation broths remains
unclear.

The aforementioned studies on mass transfer mostly focus on mixtures with water
and one compound of interest, while the joint influence of different compounds has
hardly been studied. Studies with fermentation broths have only been performed to
characterize the effect of the biomass concentration on k.a (20) and on dsz (123). In
wastewater technology, however, it is common to measure aeration performance in
process water (with contaminants and biomass sludge), which is often characterized
with the alpha-factor, which relates the k.a in process water with clean water (124).
Analyses on the joint influence of broth components in gas fermentations on mass
transfer are lacking in the scientific literature, making it challenging to estimate.
Knowledge on the most influential parameters and their respective ranges would be
essential for accurate prediction in real fermentation broths, both during
experiments and modelling. With the growing interest in fermentation and
bioprocess design, understanding on the most influential parameters and their
respective ranges would be essential for accurate k.a prediction.

In this study, we aim to determine mass transfer characteristics (k.a, dsz, €6, ki) in
different fermentation broths to show that there are complex interactions between
the compounds present and that this has significant consequences in gas
fermentation processes. Syngas fermentation is used as an example of a gas
fermentation process, as it is a frequently studied process wherein mass transfer is
often mentioned as a factor for poor performance (23, 108). For safety and analytical
reasons, oxygen mass transfer is studied, but the same trends are expected for other
gases that also have a very low solubility in water, such as CO, Hz, and CH4. The very
low concentration of dissolved O: is expected not to change k.a, ds, &, or k.. The
investigated product is ethanol, since it is a major product in the commercialized
syngas fermentation process (125). First, we will determine the range wherein
ethanol addition affects k.a. After that, we will study the influence of ethanol on the
mass transfer characteristics in five mixtures (water, fermentation medium, and
three syngas fermentation broths). The experimentally obtained k.a values will be
compared with k.a values from published empirical relations, after determining the
physical properties of the mixtures.
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4.2. Materials and methods

4.2.1 Influence of ethanol concentration on kLa

kia was determined in water-ethanol solutions using the dynamic absorption
method (111) in a 1.5 L temperature-controlled stirred tank reactor (STR) with 1 L
working volume (Applikon Biotechnology, the Netherlands). After desaturation with
pure nitrogen, dissolved oxygen (DO) was measured every second with an AppliSens
Dissolved Oxygen probe (Applikon Biotechnology, the Netherlands) while suppling
1 vvm of air at 800 rpm stirring rate. Experiments were performed at 20°C and 37°C
and at least in trifold for all demineralized water-ethanol mixtures (0, 2.5, 5, 10, 15,
25and 50 g.L-1).

4.2.2 Determination of mass transfer characteristics of different mixtures

For this study several mixtures were tested in a bubble column reactor (BCR):
demineralized water, mineral fermentation medium (“medium”), and three
fermentation broths derived from syngas fermentation experiments (e.g. “broth-1").
A BCR was used since it enables more detailed analyses on d» and &¢ than a STR does.
The influence of ethanol on the mass transfer characteristics was determined by
supplementing with the industrially obtained ethanol concentration (50 g.L-1) (126),
after experiments without supplemented ethanol. The Supplementary material
provides the composition of the mineral fermentation medium as well as the media
and methods for cultivation of the fermentation broths (Table S2).

Mass transfer characteristics of the different mixtures were determined in a lab-
scale glass bubble column (7 cm internal diameter, 70 cm liquid height) with a multi-
orifice sparger (0.6 mm orifice diameter). Experiments were performed with air at
a low superficial gas flow velocity of 1.8 mm.s! to ensure that flow was homogenous
and that the individual bubbles could be pictured for bubble size determination. The
liquid temperature was kept at 37°C. Gas hold-up was determined by measuring the
ratio between aerated and unaerated volumes (127) using a ruler at the column wall.
kia was determined using the same method as described above, with the oxygen
probe located 42 cm above the sparger, at least in triplicate for each mixture.

The bubble size was analysed using two methods, one for the small bubbles in
mixtures with supplemented ethanol and another for larger bubbles in the mixtures
without ethanol. During aeration, pictures of the small bubbles were made with a
photo-optical endoscopic probe (SOPAT-VF GX 2750) (SOPAT, Germany) with the
focal plane at 0.5 mm, located 47 cm above the sparger. From 600 images, between
100 and 1400 bubbles (depending on the mixture) were captured with the Hough
circle detection method in the Python OpenCV package, and their diameters were
calculated using a camera-specific pixel-to-mm conversion factor. As these bubbles
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were spherical, the Sauter mean bubble diameter ds. was calculated using equation
4.1, in which Vb, is the volume of bubble i, A», its surface area and dp, its diameter.

d,, =6< B R— | 4.1

To obtain the (equivalent) diameter of the larger bubbles, pictures were made with
a CANON EOS 200D camera. A metal ruler was placed inside the column to decrease
the influence of light refraction and to obtain a pixel-to-mm ratio. With image
analysis software (Image]) d» was measured for spherical bubbles, and for
spheroidal bubbles the radii of the semi-major r. and semi-minor axes r. was
measured to determine their eccentricity e and equivalent diameter deq (equation
4.2). Subsequently, dsz was calculated with the obtained (equivalent) diameters of
the spherical and spheroidal bubbles using equation 4.1. The two bubble size
determination methods were cross-validated using broth-4, see Figure S1 and Table
S3.
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After determining dsz, kia and &, equation 3 was used to calculate ki.
ka . 6¢
k, =— witha=—2 43
a d,,

The standard deviation o of k. was evaluated using classical error propagation
(equation 4). The unpaired t-test with Welch’s correction was used to determine
statistical significance for all mass transfer characteristics.
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4.2.3 Determination of mixture properties

After aeration in the BCR, the mixtures’ physical properties were determined at 37°C.
Density was measured with a benchtop density meter (DMA 5000, Anton Paar,
Austria). The dynamic viscosity was determined with a Haake Viscotester 500
(Thermo Fisher Scientific, US) with NV sensor system. Dynamic surface tension was
measured using a BPT Mobile tensiometer (KRUSS Scientific, Germany), at least in
duplicate.
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The biomass concentration for fermentation broth-2, broth-3 and broth-4 was
measured by determination of volatile suspended solids (VSS) concentration in the
broth, from 150 mL broth samples (128). For broth-1, the biomass concentration
was obtained by measuring its optical density at 660 nm (ODeeo). This was converted
to VSS concentration using calibration curves previously obtained during cultivation.
Acetate and ethanol concentrations in filtered broth samples (0.22 um pore size,
Millipore, Millex-GV, Ireland) were determined using ultra high performance liquid
chromatography (UPLC) with an Aminex HPX-87H column (BioRad, United States)
at 50°C coupled to a refractive index (RI) detector RefractoMax 520 (Thermo Fisher
Scientific, US), using 1.5 mmol.L-1 aqueous phosphoric acid was used as eluent. Lastly,
protein concentrations were determined with the Pierce™ BCA Protein Assay Kit
(Thermo Fisher Scientific, US) according to the manufacturer recommendations.
From the cultivation media composition (Table S2), ionic strength I was calculated
(equation 5), from the ion concentrations ¢ and charge z.

I=1Y"¢z’ 4.5

4.3. Results and Discussion

In this section, we will first present the influence of the concentration of ethanol in
water on the kia, which was determined in a stirred tank reactor (section 4.3.1).
After that, detailed results for the different mixtures in a bubble column reactor are
presented (section 4.3.2), which will be followed by a discussion on k. for
fermentation broths (section 4.3.3). Lastly, a comparison with empirical correlations
(sections 4.3.4) is performed with the determined physical properties.
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4.3.1 Influence of ethanol on kia
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Figure 4.1 Influence of the ethanol concentration on kLa, data obtained at 20°C (filled squares)
and 37°C (open squares) in the stirred tank. Error bars: standard deviations from triplicates.

The influence of the concentration of ethanol in water on k.a has been determined
in a stirred tank (Figure 4.1). Sharp increases in k.a were observed in the lower
concentration range, until a plateau is reached (between 5-10 g.L-1, independent
from the temperature). For both temperatures, the maximum k.a was measured
around twice as large as it would be without ethanol. Visually, we observed a
significant reduction in bubble size upon the addition of ethanol, explaining the
increased kira (Figure S2).

The kia increases roughly 40% between 20 and 37°C, which corresponds with
predictions for this temperature-increase (17, 129). This indicates that the
temperature-increase and the ethanol addition show an independent influence on
kia. This temperature increase predominantly causes an increase in k. (by
increasing the diffusion coefficient, and reducing the kinematic viscosity (117, 130)).

In STRs with added ethanol, similar increases in k.a were observed before (131), but
not with such a clear plateau formation. The plateau formation in k.a has been
observed for other organic compounds in STRs (112), and was explained since a
constant bubble diameter is obtained after a certain concentration range (113).
Similar results on plateau formation were seen in a plunging jet contactor with
propanol (132) and in an external-loop airlift reactor with methanol, ethanol and
propanol (133).

The ethanol concentration range wherein the steep change in kia values was
observed (0-5 g.L1) corresponds to the range of achieved ethanol titres met in e.g.
lab-scale syngas fermentation experiments (108, 134, 135). The rapid change in this
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range indicates that k.a is a dynamic parameter and cannot be assumed constant
during gas fermentation processes. This means that, for example during batch
operation, different values of k.a may apply. Moreover, we recommend to obtain kia
values using representative fermentation conditions rather than using water, to
compare reactor configurations (29, 30) or to determine dissolved gas
concentrations (136).

Based on this, we expect that k.a differs between fermentation broths derived from
syngas fermentation experiments and synthetic aqueous solutions containing some
broth solutes. As more detailed analyses on d» and ¢ can be performed in BCRs, we
will use them in the upcoming sections. Due to the plateau formation by ethanol
addition, we will perform experiments with the expected industrial ethanol
concentration of 50 g.L-1 (126).

4.3.2 kra determination in different mixtures with ethanol

Physical properties of the mixtures are shown in Table 4.1. As the fermentation
broths contain only little amounts of ethanol, we supplemented the mixtures with
50 g.L-1 to reach the industrially relevant concentrations. From the determination of
the physical properties, we saw a clear decrease in surface tension upon
supplementation of ethanol. Broth-4 was not included in the dataset in the table as
there was possible interference with the reducing agent during the kia-
determination (see section 4.3.5), so that the kia and k. could not reliably be
predicted.

Table 4.1 Physical properties of the different mixtures that were analysed in this study. All
properties were measured at 37°C. Provided are the liquid-phase density (pi), liquid-phase
viscosity, surface tension (7.), ionic strength (I), and the concentrations of biomass (cy),
proteins (cpror), total acetic acid(cac), and ethanol (cewon) of each mixture.

pPL ne o 1 Cx Cprot Cac CEtOH
kgm-3 mPas mNm?! molL! gL gL gL gL
Water 99291 0.768 69.02 N/A N/A N/A 0 0
Mineral medium  996.28  0.768 68.62 0.296 N/A N/A 0 0
Broth-1 997.97 0.821 70.43 0.296 0.061 0.369 1.14 0
Broth-2 997.62 0.732 68.82 0.171 0.246 1.278 2.22 0.18
Broth-3 996.6 0.763 69.08 0.136 0.087 0.062 1.37 0.12
Water + 5% 98436  0.827 52.2 N/A N/A N/A 0 49.2
ethanol
Mineral medium  986.63  0.825 51.49 0.277 N/A N/A 0 49.2
+ 5% ethanol
Broth-1 + 5% 989.28 0.815 51.66 0.277 0.057 0.345 1.07 49.2
ethanol
Broth-2 + 5% 988.06 0.84 51.83 0.16 0.23 1.196 2.07 49.37
ethanol
Broth-3 + 5% 987.93  0.759 51.76 0.127 0.082 0.058 1.28 49.32
ethanol
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Figure 4.2 Mass transfer characteristics obtained in a bubble column (ugs = 1.8 mm.s-1) for
different mixtures (see Table 4.1) without (white bars) and with supplemented ethanol
(patterned bars). a) Volumetric mass transfer coefficient k.a, b) Sauter mean bubble diameter

dsz, ) gas hold-up &, and d) mass transfer coefficient k. . Error bars: standard deviations
between at least three measurements.

For all other mixtures, a significant increase in k.a was observed (Figure 4.2a) upon
the addition of ethanol (p = 0.038). In water, a six-fold higher k.a was encountered
after adding ethanol. Such increases have been obtained before with ethanol (112,
137). This is explained by the decrease in dsz (from 2.7 mm to 0.7 mm) and the
doubling of the gas hold-up due to the addition of ethanol.

The mineral medium and broth-1 show an increased kia compared to the
demineralized water. This might be due to the broth’s ionic strength (0.3 mol.L-1,
Table 4.1) since little coalescence was observed when ionic strength is above 0.2
mol.L-1 (19). This suggests that k.a might easily be increased in fermentation broths
by increasing ionic strength by slightly changing the mineral medium composition.

Although ethanol decreases the bubble size and makes the bubbles more spherical
and rigid (Figure S3), the beneficial effect of ethanol on k.a is less pronounced in the
mineral medium than in pure water. This lower increase in k.a can be attributed to
a decrease in ki, which might be due to unresolved complex interactions between
salts and ethanol in the boundary layers.

In all fermentation broths, k.a is observed to be lower than in the mineral medium.
As d32 and &6 remain similar in broth-1 and broth-2, the decrease in k.a is attributed
to a decrease in ki (see section 4.3.3), resulting in broth-2 and broth-3 having a
similar kia as water (without ethanol). Hence, the presence of biomass in these
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broths seems to diminish the beneficial effects of salts on k.a. Supplemented ethanol
causes a shrink in dsz, but the net increase in k.a is less pronounced than for the
mineral medium. Still, the k.a values in the ethanol-rich broths are two to four times
larger than the value in water without ethanol, indicating that the mass transfer
properties of these broths can neither be represented with those of pure water, nor
with those of water with added ethanol only.

In all cases with ethanol, a significant decrease in bubble diameter was observed (p
= 0.023), as well as a narrower bubble size distribution by analysing the standard
deviations (Figure 4.2b) and the bubble size distribution plots (Figure S4). This
confirms that ethanol stabilizes the homogeneous flow regime (127, 138), while the
coalescence inhibition causes a hold-up increase (Figure 4.2c) (114).

In the mineral medium and broths, ds. does not change much, except for some
decrease with broth-3. This implies that the biomass, acetate and proteins have little
effect on the bubble size at the observed concentrations. Broth-3 also shows a
remarkably low d3z; without ethanol, compared to the other mixtures. This effect
cannot be explained, because more data are required to achieve correlation to the
physical properties or the concentration of components.

The addition of ethanol significantly (p = 0.0003) increased the gas hold-up for all
media (Figure 4.2c). Increases in gas hold-up were explained by coalescence
inhibition: smaller bubbles rise slower, thereby increasing the gas residence time in
the reactor and thus the hold-up (114). The same applies for the mineral medium
and broths: salts and surface-active compounds decrease dsz by inhibiting
coalescence and thus increase the hold-up. For more details about the underlying
mechanisms, one is referred to Keitel and Onken (113) and Jamialahmadi and
Miiller-Steinhagen (114).

The obtained data hints at a decrease in k. due to supplemented ethanol (Figure
4.2d), but this was not statistically significant (p = 0.10). A decrease would be
explained by ethanol causing extra mass transfer resistance around the gas bubble,
or by increasing surface rigidity due to the small and spherical bubbles.
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4.3.3 ki as function of biomass concentration
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Figure 4.3 Mass transfer coefficient ki for different values of the biomass concentration in the
studied mixtures. Open symbols: mixtures without ethanol, filled: mixtures with 50 g.L-1
ethanol. Error bars: standard deviations.

From the different mixtures, it was observed that the fermentation broths have a
lower k. than water. This weakly correlates (Pearson’s r = -0.57) with the biomass
concentration in the broth (Figure 4.3). It has been argued (111) that biomass
increases broth viscosity and thus decreases k.. However, the viscosities of the
measured samples are in such a narrow range that a viscosity-based k. model cannot
adequately describe these changes (139) (Figure S5). Any such reduction might be
explained by a bubble surface blocking effect of the biomass, creating additional
mass transfer resistance, even though direct oxygen consumption was not expected
for syngas fermenting bacteria (111). We expect that there are complex interactions
between the (type of) microbe, salts and nutrients in the medium, and the products,
that influence the value of k.. Unfortunately, at this moment, we are not able to
provide general guidelines for prediction of k. in fermentation broths without
further experiments.

82



The impact of broth components on mass transfer

4.3.4 Comparison with empirical correlations
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Figure 4.4 Parity plot of experimental kia data in the different mixtures vs. the values
calculated using empirical relations (118 - 122).

Empirical relations (Table S1) are often used for the prediction of kia in bubble
column fermentations (111). After determining surface tension, density, viscosity
and ki for all the different media (with and without ethanol) (Table 4.1), the kia
values were calculated using these equations (Figure 4.4). However, a large
discrepancy is visible between the experimental and predicted values. These
relations systematically underestimate k.a since they do not consider the influence
of biomass, the salts and ethanol on the bubble properties. For example, the decrease
in surface tension by ethanol has a smaller influence on k.a in the empirical relations
than observed in our experiments. As we saw that variables as ionic strength,
ethanol and biomass concentration are important regarding mass transfer in
fermentation broths, these variables should also be part of such relationships.

4.3.5 Implications and future studies

This study shows several observations on mass transfer characteristics obtained in
different liquid mixtures relevant for gas fermentations. The obtained results show
that the influence of medium components is significant and should be considered in
further practical and modelling work in gas fermentations. Although it is widely
known that antifoam promotes coalescence (21, 111) and decreases mass transfer
by creating a monolayer around the bubbles (140), and that dissolved solids (e.g.
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silica) can both improve and worsen mass transfer (depending on the concentration)
(141), we did not consider their presence.

To reduce the redox potential, which is required for anaerobic (syngas) fermentation,
a reducing agent was added to the fermentation broths (Table S2). Reaction of
oxygen and the reducing agent (sodium sulphide) might have disturbed the dynamic
absorption method for kia determination (for broth-4), such that this broth had to
be left out from the aforementioned evaluation. In such a case the method might be
adapted to, for example, the method proposed by Bandyopadhyay et al. (142). Future
studies should also note that the dynamic absorption method for k.a determination
has low validity at high power inputs (P/V > 1000 W.m-3) (143).

Industrial syngas fermentation requires higher biomass concentrations (around 10
g.L1) (9) than the concentrations achieved in our experiments. Such high biomass
concentrations are expected to influence the broth viscosity and thus the ki.
Furthermore, the used bubble column (7 cm diameter) is not representative for an
industrial fermentation. To represent a large-scale bubble column, the column
diameter should be more than 15 cm to exclude wall effects for mild viscous liquids
(144). For an industrial-scale syngas fermentation, a significantly higher gas flow
velocity can be expected. We noted that at such gas velocities, determination of dsz
in media without ethanol would be challenging due to the regime change to slug flow.
To prevent slugs, we decided to compare dsz and kia at low gas flow velocities. In
literature, at higher gas flow rates and in wider and higher columns, the beneficial
effect of ethanol on gas hold-up (127, 138) and k.a were observed (133). Because of
that, we think that in large-scale reactors the observed phenomena in this paper
would still be present.

Further research is needed in order to quantitatively predict the relevant
parameters (e.g. ki, dsz) in order to develop more realistic mass transfer models for
fermentations. Although the exact mechanism might remain unknown, structural
experiments and technologies like machine learning might be used to develop
algorithms for reliable prediction of mass transfer properties in fermentation broths
of various compositions. Additional and more fundamental research might provide
explanations on the mechanisms behind our observations (e.g. why k.a is lower in
the mixture with mineral medium and ethanol compared to the water-ethanol
mixture).

Although our results were only obtained with supplemented ethanol, we stress that
similar phenomena were obtained with other compounds (longer alcohols, acids,
ketones) (18, 112, 113). This indicates that similar deviations in mass transfer
characteristics can be expected in a wide range of gas fermentations (105), e.g.

84



The impact of broth components on mass transfer

syngas fermentation (to alcohols/acids), microbial electrosynthesis (to acids) (109)
as well as sugar-based fermentations (e.g. 1,4-butanediol production (145)). As
there are methods available to measure mass transfer characteristics (k.a, dsz, €6, ki,
a) easily, we highly recommend to perform these experiments with realistic broths
to prevent underestimation of mass transfer rates.

4.4. Conclusions

By supplementing ethanol to water, k.a sharply and significantly increases, primarily
by decreasing dsz. This effect is also present, but weaker, in the studied syngas
fermentation broths. Broth salinity (ionic strength) and biomass concentration seem
to affect kia in fermentation broth as well. Future mass transfer studies should
consider the influence of broth components because literature models fail to predict
their effects.
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Supplementary material

Relations used for kia determination by physical properties

Table S1. Relations used for the prediction of kia in bubble column reactors
Dr=0.07 m, ugs = 1.8 mm.s'3, Dp,02=2.1e m2.s1, g =9.81 m.s2.
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Cultivation strategies and media composition

Fermentation broth 1 was effluent resulting from a CO fermentation by Clostridium
autoethanogenum (DSM 10061) in a continuous stirred-tank reactor (CSTR). The
cultivation was carried out in a 1.5 L glass jacketed chemostat (Applikon, The
Netherlands) with a working volume of 1 L. The temperature was controlled at 37°C,
the agitation rate was set to 500 rpm and the pH was maintained at 5.9. The
bioreactor was continuously supplied with a gas phase consisting of CO (6 mL.min-
1) and Nz (4 mL.min-1). The sterile growth media (composition reported in Table S2)
was supplied continuously at the dilution rate of 0.024 h-1. The fermentation effluent
was continuously sparged with 100% Nz to maintain anaerobic conditions, kept at
room temperature (~20°C) and collected anaerobically in a glass bottle during 4
days, and then used for the mass transfer experiments.

Fermentation broth 2 was the effluent resulting from CO fermentations by C.
autoethanogenum (DSM 10061) in a custom-built rotor stator spinning disc reactor
(RS-SDR) coupled to a buffer tank. The fermentation broth was cultivated in a 600
mL glass mixed buffer vessel (300 mL working volume) and recirculated though the
RS-SDR (60 mL working volume), made of polymethyl methacrylate. The reactor was
operated in a sequential batch mode, with a cycle time of 24 hours. Each cycle, 10
mL of fermentation broth in the buffer tank was exchanged by the same volume of
fresh sterile feed medium (composition reported in Table S2). The headspace of the
buffer tank (300 mL) was completely refreshed with 100% CO once a day and kept
at 1.5 bar of absolute pressure. The buffer tank was placed on a heating stirring plate.
The temperature was controlled between 35 and 37°C, the broth was agitated at 200
rpm with a magnetic stirrer and the pH was maintained between 5.3 and 5.8. The
fermentation broth was recirculated through the RS-SDR at a recirculation liquid
flow rate of 120 mL.min1. The RS-SDR operated at varying rotation speeds (100, 500,
1000 or 1500 rpm). After 72 hours of cultivation, the fermentation effluent was
collected in 1 L plastic bottles and stored in the fridge (~2°C). The effluent of 8
consecutive independent fermentations was stored (during a maximum 4 weeks),
mixed and then used for the mass transfer experiments.

Fermentation broth 3 was the effluent of a mixed culture converting CO into Hz and
acetate in a continuous stirred tank reactor (CSTR). The cultivation was carried out
in a 500 mL chemostat with a working volume of 400 mL. The temperature was
controlled at 30°C, the agitation rate was set to 800 rpm and the pH was maintained
at 7.0. The bioreactor was continuously supplied with a gas phase consisting of CO
(2 mL/min), N2 (1.06 mL/min) and COz (0.27 mL.min-1). The sterile growth media
(composition reported in Table S2) was supplied continuously to maintain the
dilution rate of 0.014 h'%. The fermentation effluent was collected anaerobically into
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1 L serum glass bottles sealed with butyl rubber stoppers and aluminium caps,
under N2/COz (80:20) headspace, at 1.4 bar of absolute pressure. The effluent was
stored at room temperature (~20 °C) during 5 days, and then used in the mass
transfer experiments.

Fermentation broth 4 was produced by the fermentation of CO by C
autoethanogenum (DSM 10061) in batch bottles. The cultivation medium (which
composition is reported in Table S2) was dispersed into 1 L glass bottles (300 mL
working volume) sealed with butyl rubber stoppers and aluminium caps. The
headspace of each bottle (700 mL) was filled with 100% CO to a final absolute
pressure of 1.5 bar, using an anaerobic gas-exchange system. The bottles were
sterilized in a autoclave immediately after preparation, for 20 minutes at 121°C.
Each bottle was inoculated with 1% (v/v) of exponential growing inoculum, at initial
pH of 5.9 and incubated without shaking at 37°C until reaching optical density at
wavelength of 660 nm (ODeeo) of 0.2. The fermentation broth from each bottle was
then collected and mixed, and used for bubble size characterization (Figure S1, Table
S3).
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Table S2. Media composition used for the cultivation of the fermentation broths. Media
compounds concentrations are reported in g L-1 or mg L1 (in the case of metal trace elements
and vitamins).

Mineral Broth-1 Broth-2 Broth-3 Broth-4

media

gLt gLt gLt gLt gLt
Ammonium chloride 0.9 0.9 0.3 0.3 0.3
Sodium chloride 0.9 0.9 0.3 0.3 0.3
Magnesium sulfate heptahydrate 0.2 0.2 0.1 0.03 0.03
Monopotassium phosphate 0.7 0.7 0.408 0.408 0.408
Dipotassium phosphate 1.5 1.5 - - -
Sodium phosphate dibasic - - 0.534 - -
dihydrate
Calcium chloride dihydrate 0.02 0.02 0.11 0.11 0.11
Sodium bicarbonate - - 4.0 4.0 4.0 4
Resazurin sodium salt 0.0005 0.0005 0.0005 0.0005 0.0005
Yeast extract 0.5 0.5 1.0 0.1 0.1
Triptone - - 1.0 - -
L-cysteine hydrochloride - 0.75 0.5 0.1 0.1
monohydrate
Sodium sulfide nonahydrate - - 0.24 - 0.24
Metal trace elements mg.L1 mg.L? mg.L? mg.L! mg.L!
Iron(Il) chloride tetrahydrate 1.50 1.50 1.50 1.50 1.50
Iron(III) chloride hexahydrate 2.50 2.50 - - -
Zinc chloride 0.07 0.07 0.07 0.07 0.07
Manganese(II) chloride 0.10 0.10 0.10
tetrahydrate 0.10 0.10
Boric acid 0.006 0.006 0.062 0.062 0.062
Cobalt(1I) chloride hexahydrate 0.190 0.19 0.119 0.119 0.119
Copper(II) chloride dihydrate 0.002 0.002 0.017 0.017 0.017
Nickel(II) chloride hexahydrate 0.024 0.024 0.024 0.024 0.024
Sodium molybdate dihydrate 0.040 0.040 0.024 0.024 0.024
Sodium selenite 0.004 0.004 0.017 0.017 0.017
Sodium tungstate dihydrate 0.200 0.200 0.033 0.033 0.033
Vitamins mg.L1 mg.L1 mg.L1 mg.L1 mg.L1
Biotin 0.02 0.02 0.02 0.02 0.02
Nicotinamide 0.20 0.20 0.20 0.20 0.20
P-aminobenzoic acid 0.10 0.10 0.10 0.10 0.10
Thiamine 0.20 0.20 0.20 0.20 0.20
Pantothenic acid 0.10 0.10 0.10 0.10 0.10
Pyridoxamine 0.50 0.50 0.50 0.50 0.50
Cyanocobalamin 0.10 0.10 0.10 0.10 0.10
Riboflavin 0.10 0.10 0.10 0.10 0.10
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Bubble size method cross-validation

With broth-4, and in the same conditions as used with the other mixtures, bubbles
were obtained that could be analysed using both methods (the one designed for the
small bubbles with the photo-optical probe and the one for the larger bubbles with
the CANON EOS 200D camera). The resulting bubble size distributions are given in
Figure S1. As can be seen, the resulting BSDs are very similar, with the exception that
the method used for the small bubbles is not able to capture bubbles bigger than 1.3
mm and that it has a slightly higher probability peak between 0.5 - 0.75 mm. As the
obtained average bubble diameters, Sauter mean bubble diameters and standard
deviations (Table S3) were similar, it was concluded that both methods could be
used for bubble size comparison purposes.

040 2 0.40 2
035 035
030 030
025 025
Q. 0201 Q. 0201
0151 015
0.10 0.10
0.05 0.05

dp (mm) dp (mm)

Figure S1. Bubble size distributions obtained using the method designed for a) the smaller
bubbles, and b) the larger bubbles.

Table S3. Bubble diameter method cross-validation. For broth-4, the average bubble
diameters, Sauter mean bubble diameter, and the standard deviation of the bubble diameter
were determined via both methods.

SOPAT method CANON method

d, (mm) 0.78 0.77
d;, (mm) 0.98 1.11
0y, (mm) 0.29 0.36
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Water, 0 g L-1EtOH Water, g L-1EtOH

Figure S2. Photographs of bubbles in the STR with and without supplemented ethanol.

Mineral medium, 0 g L-1 Mineral medium, 50 g L-1 EtOH

-

Figure S3. Photographs of bubbles in the BCR with mineral medium with and without
supplemented ethanol. In the solution without ethanol, small but less stable, wobbling,
bubbles were observed, while the ethanol leads to rigid, spherical, bubbles.
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k. as a function of the biomass concentration
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Figure S5. ki as a function of the mixture viscosity. Error bars: standard deviations. Filled
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symbols: mixtures with ethanol, empty symbols: mixtures without ethanol.
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The impact of mass transfer and
fermentation variables on the
metabolism of acetogenic bacteria

This chapter has been published as:
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Acetic acid, growth rate, and mass transfer govern shifts in CO metabolism of
Clostridium autoethanogenum. Applied Microbiology and Biotechnology, 107(17),
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Abstract

Syngas fermentation is a leading microbial process for the conversion of carbon
monoxide, carbon dioxide and hydrogen to valuable biochemicals. Clostridium
autoethanogenum stands as a model organism for this process, showcasing its ability
to convert syngas into ethanol industrially with simultaneous fixation of carbon and
reduction of greenhouse gas emissions. A deep understanding the metabolism of
this microorganism and the influence of operational conditions on fermentation
performance is key to advance the technology and enhancement of production yields.
In this work, we studied the individual impact of acetic acid concentration, growth
rate and mass transfer rate on metabolic shifts, product titres and rates in CO
fermentation by C. autoethanogenum. Through continuous fermentations performed
at a low mass transfer rate, we measured the production of formate in addition to
acetate and ethanol. We hypothesise that low mass transfer results in low CO
concentrations, leading to reduced activity of the Wood-Ljungdahl pathway and a
bottleneck in formate conversion, thereby resulting in the accumulation of formate.
The supplementation of the medium with exogenous acetate revealed that
undissociated acetic acid concentration increases and governs ethanol yield and
production rates, assumedly to counteract the inhibition by undissociated acetic
acid. Since acetic acid concentration is determined by growth rate (via dilution rate),
mass transfer rate and working pH, these variables jointly determine ethanol
production rates. These findings have significant implications for process
optimization as targeting an optimal undissociated acetic acid concentration can
shift metabolism towards ethanol production.

Growth rate
)

Mass
transfer rate
‘ - ‘I .
Aceticacid _, — Stirring
addition ;

Keywords: CO metabolism; Clostridium autoethanogenum; acetic acid concentration;
growth rate, mass transfer
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5. The impact of mass transfer and fermentation
variables on the metabolism of acetogenic bacteria

5.1. Introduction

Syngas fermentation is a microbial process through which acetogenic
microorganisms convert carbon monoxide (CO), carbon dioxide (CO2) and hydrogen
(Hz) into added-value biochemical compounds (3, 11). This technology offers a
ground-breaking option for green-house gas emission reduction and sustainable
biochemical production (1). The acetogen Clostridium autoethanogenum is a syngas
fermenting model organism, which can natively produce ethanol (EtOH), acetate
(Ac), 2,3-butanediol (BDO) and lactate (126); therefore it has been vastly studied
and is employed for industrial production of ethanol (4, 7, 146). This microorganism
uses the Wood-Ljungdahl pathway (WLP) for reductive synthesis of acetyl-CoA from
COg, CO, and H: (Figure 5.1).

Understanding the metabolism of this microorganism and the impact of
fermentation conditions on fermentation performance is key to advance the
technology. Among other factors, the gas-to-liquid mass transfer rate has a very
pertinent role, as it directly affects the substrate availability to the microorganism
(147). For example, the substrate uptake rate depends on the dissolved gas
concentration. Different substrate gas-to-liquid mass transfer rates can be imposed,
for example by changing the agitation rate in stirred tank reactors or the superficial
gas velocity in stirred tank and bubble column reactors (23, 147).

In addition to the gas-to-liquid mass transfer rate, the biomass-specific microbial
growth rate, p, also has a crucial role in the fermentation performance (148). In
chemostat fermentations, the biomass-specific growth rate u is equivalent to and
imposed by the operational dilution rate D, up to the critical dilution rate. The
growth rate influences the product concentration and substrate to product yields.
Increasing the growth rate might also change product distribution because the
microbe may shift its metabolism (135, 148) to cope with higher energy
requirements for biomass formation. Process rates are affected, which has an impact

on process economics.

The combined influence of growth rate and mass transfer rate also determines the
production rate and concentration of total acetate (anion plus undissociated
species). Simultaneously, the extracellular pH determines the extracellular ratio of
acetate anion to undissociated acetic acid, which can differ from the intracellular
ratio (103) since the intracellular pH is metabolically controlled at about 6.0 (149)
and the external pH can be imposed.
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Since many factors determine the syngas fermentation performance
(microorganism, pH, medium composition, gas flow, gas composition, dilution rate,
etc.) and literature covers only part of the operational window, understanding of the
impact of operational settings on the fermentation performance is still incomplete.

In this work, we will obtain and characterise chemostat fermentations of C.
autoethanogenum grown on CO as sole carbon and energy source, to simplify the
system. We will investigate the individual effects of CO mass transfer rate (100 or
500 rpm agitation in a stirred bioreactor), growth rate (~0.008 h! to ~0.04 h'!
dilution rate), and acetate concentration on products distribution, titres, rates and
yields. An assessment will be made of how the individual effects jointly affect the
observed fermentation performance and shifts in the metabolic network Figure 5.1.
Previous studies have hypothesized on the role of acetic acid as a critical factor in
increasing ethanol production in syngas fermentation (103, 150). We will further
provide experimental evidence to support this hypothesis for C. autoethanogenum,
by analysing experiments supplementing exogenous acetic acid to fermentation
while keeping other fermentation conditions constant. Furthermore, we will
conduct a comprehensive analysis and comparison of literature experimental results
to clarify the role of acetic acid concentration on ethanol yield.
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Figure 5.1 Simplified overview of carbon fixation through WLP and autotrophic product
formation in C. autoethanogenum, including key enzymes and product excretion. Figure
adapted from Liew et. al (1) and Liew et. al (151), wherein abbreviations are depicted.
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5.2. Materials and methods

5.2.1 Microorganism, growth medium and inoculum cultivation

C. autoethanogenum (DSM 10061) from the DSMZ strain collection (Braunschweig,
Germany) was used in all fermentations and stored as glycerol stock at -80 °C. Pre-
cultures were cultivated in batch operation in anaerobic bottles capped with rubber
stoppers and aluminium caps (50 mL working volume), at 37 °C without agitation,
after inoculation in a 1:50 ratio (v/v). The glycerol stock cells were first revived in
modified YTF (Yeast extract-Tryptone-Fructose) medium (containing per litre: 10 g
Bacto™ Yeast Extract, 16 g tryptone, 4 g NaCl, 4 mg ClzFe - 4 H:20, 0.5 mg resazurin
sodium salt and 0.75 g L-cysteine - HCI - H20 dissolved in demineralized water)
adjusted to pH 6.2 with 2 mol L1 HCl and under 100% Nz headspace (1.5 atm). Once
this culture reached exponential growth, the cells were propagated and further
cultivated under 100% CO headspace (1.5 atm) in anaerobic bottles with the feed
medium. Once exponentially growing, this culture was used as inoculum for
bioreactor experiments, in a 1:20 v/v ratio. The feed medium contained per litre: 0.9
g NH4Cl, 0.9 g NaCl, 0.2 g MgSO04 - 7 H20, 0.7 g KH2PO4, 1.5 g K2HPO4, 0.02 g CaClz, 0.5
mg resazurin sodium salt, 0.5 g Bacto™ Yeast Extract , and 0.75 g L-
cysteine - HCI - H20 dissolved in demineralized water; and it was supplemented with
the following metal trace-elements per litre of medium: 1.5 mg FeClz - 4 H20, 2.5 mg
FeClz - 6 H20, 0.07 mg ZnClz, 0.1 mg MnClz - 4 H20, 0.006 mg H3B03, 0.19 mg CoClz - 6
H20, 0.002 mg CuClz - 2 H20, 0.024 mg NiClz - 6 H20 and 0.04 mg NazMoOa - 2 H20,
0.004 mg Naz2SeOs and 0.2 mg NazWO4 - 2 H20; and the following vitamins per litre
of medium: 0.02 mg biotin, 0.2 mg nicotinamide, 0.1 mg p-aminobenzoic acid, 0.2
mg thiamine - HCl, 0.1 mg pantothenic acid, 0.5 mg pyridoxamine, 0.1 mg
cyanocobalamin and 0.1 mg riboflavin. The pH of the feed medium was adjusted to
6.2 with 2 mol L-1 HCl. Both media were sterilized by autoclaving at 121 °C during
20 min. The yeast extract, vitamins and cysteine were added to the media as sterile
concentrated stock solutions after autoclavation. The feed medium for the steady-
state fermentation VI was additionally supplemented with a concentrated sterile
acetic acid solution to reach the concentration mentioned in Table 5.1.

5.2.2 Bioreactor operation

Continuous fermentations for cultivation of C. autoethanogenum were performed in
a 1.5 L glass jacketed stirred tank bioreactor (Applikon, Delft, The Netherlands).
Three baffles and two Rushton impellers (46 mm diameter) were installed; the
impellers were placed at 33% and 66% of the liquid height. The fermentation pH,
temperature, agitation and mass flow) were controlled (In-Control, Applikon, The
Netherlands). Conditions were strictly anaerobic at 37 °C. Off-gas was condensed at
4 °C, such that water and ethanol loss was insignificant. The pH of the fermentation
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was maintained at 5.90 * 0.05 by addition of 2 mol L-* NaOH via a peristaltic pump.
The start-up, inoculation and batch operation of the bioreactor were performed as
reported by Diender et al. (152). Peristaltic pumps (Masterflex, Gelsenkirchen,
Germany) were used for continuous supply of feed medium and removal of effluent,
applying different dilution rates Table 5.1. The bioreactor was continuously supplied
with a gas phase of 10 mL min! (on basis of standard temperature and pressure)
consisting of CO and N2 (composition in Table 5.1). Variable stirring rates were
applied. Effluent samples of 2 mL were analysed daily for biomass concentration
using optical density. Each sample supernatant was analysed for product
concentration using ultra performance liquid chromatography (UPLC). Off-gas
composition was continuously monitored. The steady-state (SSt) results were
obtained from three independent chemostat runs and were reported once
concentrations were constant for at least 3 working volume changes.

Table 5.1 Operational conditions of fermentations at steady-steady.

Steady-State 1 11 111 v \4 VI

Working volume (L) 0.9 0.9 1.0 1.0 1.0 1.0

Stirring rate (rpm) 100 100 500 500 500 500

Inlet CO concentration (%) 40 40 50 50 50 50

Dilution rate (h1) 0.0081 0.025 0.0088 0.024 0.039 0.040
+0.0004  +0.001 +0.0004 +0.001 +0.002 +0.002

Total acetate concentration 0 0 0 0 0 10.15 £0.11

in the feed media (g L)

5.2.3 Analytical techniques

Optical density of broth was measured daily at 660 nm (ODsso). When constant, the
biomass concentration was measured (at least in triplicate) by determination of the
volatile suspended solids (VSS) concentration in the broth (153), from 150 mL broth
samples collected continuously and anaerobically from the effluent of the bioreactor.
Acetate, ethanol, 2,3-butanediol and formate concentrations in filtered broth
samples (0.22 um pore size, Millipore, Millex-GV, MA, USA) were determined using
ultra high performance liquid chromatography (UPLC) with an Aminex HPX-87 H
column (BioRad, CA, USA) and 1.5 mmol L1 phosphoric acid as eluent at 50 °C with
RI detection (RefractoMax 520, Thermo Fisher Scientific, MA, USA).

The bioreactor exhaust gas was continuously diluted 1:10 (v/v) with pure nitrogen
gas to obtain the minimum flow required for gas analysis (Rosemount™ X-STREAM
XEGP, Emerson, MO, USA). This custom-built analyser was equipped with a
nondispersive infrared (NDIR) sensors for CO and COz measurement and a thermal
conductivity detector (TCD) for H2 measurement.

100



The impact of mass transfer and fermentation variables on the metabolism of acetogenic bacteria

5.2.4 Quantification of fermentation data
Production rates

Production rates, R; (mmol h1) were quantified for analysis of fermentation
performance. The off-gas flow rate, F°°*, was calculated using an N (inert) gas
mass balance with its concentrations measured in the gas inlet and outlet. The
production rates were calculated from compound mass balances, taking into account
gas phase inlet and outlet molar fractions, xiG , and molar flow rates, FnG, for gaseous
products (COz, CO and Hz) - equation 5.1 - and considering liquid outlet product

L,out
Ci

concentration, ,and volumetric flow rate, F L"“t, for aqueous products (Ac, EtOH,

formate and biomass) - equation 5.2.

Ri — X_G,out FnG,out _ XiG,n FnG,in 5.1

R = C ™™ 5.2

The biomass specific production rates g; (mmol gx! h'1) were calculated from R;,
liquid working volume, Vi, and biomass concentration cx using equation 5.3.

q = i 53
c,.V

L

5.2.5 Carbon and electron balances

Fermentation data analysis and reconciliation was performed using carbon and
electron balances.

Carbon recoveries were calculated from production rate Ri (mol h-1) per compound
i (positive or negative), with its number of carbon atoms nc; (molc moli), see
equation 5.4. Electron recoveries were calculated from R; and the degree of
reduction yi (mole moli1), see equation 5.5. The reference degrees of reduction were:
C=4H=1N=-3,0=-2, (*) =-1and () = 1. For these calculations, CO was
considered to be the sole carbon source and electron donor. The biomass (X)
composition was assumed to be CH18005No.2 (154), resulting in 24.6 molx gx'1.

RN,
C. :z— i ={CO,, Ac, EtOH, BDO, formate, X } 5.4
-R_,.n

co’ ‘c,co

_XR7

= ; i={H,, Ac, EtOH, BDO, formate, X } 5.5
-R

rec

co'yco
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5.3. Results

5.3.1 Comparison of different mass transfer rates

We compared the impact of agitation rate (100 or 500 rpm) at two fixed growth rates
(~0.009 h! and ~0.024 h'1; Steady States I to IV - in Table 5.1). This 5x rise in
agitation speed corresponds to a 125x increase in the power input per volume (P/V),
considering properly operating impellers in the turbulent flow regime and for
coalescing broth. Subsequently, the corresponding volumetric mass transfer
coefficient is expected to increase 6 to 7 times, according to van’t Riet (1979), and
hence the CO transfer capacity as well. The observed mass transfer rate of CO, and
the associated CO consumption rate were expected to increase by such a factor only
in case of mass transfer limitation occurring at either stirring rate. Higher agitation
indeed led to an increase of CO consumption from about 2 mmol L1 h-1 (estimated
from production rates and catabolic stoichiometries) to 10 mmol L-1h-1 (measured
experimentally), which indicates mass transfer limitation at these conditions.
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Figure 5.2 Biomass specific production rates (a) and product concentrations (b) for steady-
state fermentations grown at ~0.009 h-1 (i) and ~0.024 h-! (ii).
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For growth rates of ~0.009 and ~0.024 h-! the biomass concentration increased 6

and 7 times, respectively.

Figure 5.2 shows that the fermentations at 500 rpm led to the expected products
(acetate, ethanol and 2,3-butanediol), with relatively high titres and biomass-
specific production rates for acetate and ethanol. However, for the fermentations at
100 rpm, production of formate was substantial (14.6% and 41.4% of the converted
carbon, for SSt I and II, respectively).

In Figure 5.3, we propose a combination of reactions that allows the microorganism
to gain some adenosine triphosphate (ATP) from CO conversion into formate (0.14
molarp/molco), in case no ATP is required for formate export. The yield of ATP is
significantly higher (0.375 molarr/molco) if acetate would be produced (155). A
reason for the organism to excrete formate instead of converting it into acetate could
be severe limitation of CO, of which a second molecule is required per acetyl-CoA
and hence acetate (see Figure 5.1). As explained before, at 100 rpm agitation rate,
mass transfer limitation is severe, so dissolved CO concentrations can be assumed to
be very low, but quantification would require specific equipment (156) or methods
for reliable kia determination in the presence of broth components (Chapter 4).
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Figure 5.3 Schematic overview of the proposed pathway for CO conversion to formate with
ATP production in C. autoethanogenum.
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5.3.2 Comparison of different growth rates

At fixed agitation rate and volumetric CO supply rate, we tested different growth
rates by changing the dilution rate accordingly (Steady states III, IV and V - Table
5.1). For these experiments, correct gas measurements were available, and the
carbon and electron recoveries indicate highly consistent data. Namely, for 4 = 0.009,
0.024 and 0.04 h-1, carbon recoveries (equation 5.4) were 95 + 2%, 94 + 1% and 98
+ 1%, respectively, and electron recoveries (equation 5.5) were 95 + 2%, 99 + 2%
and 99 * 5%, respectively. Figure 5.4 shows the carbon distribution, indicating
acetate and COz as main products.
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4.5% 0.7%

90% |
1]
2 e
2 80% | 3
8 379 45%
Q-q 0
g 0% |
a
(=]
'E 60%
= 2.3% "
2 s50% | 4.7% 6.0%
=
2 0% |
53
g
(53
= 0% |

o

g 33% 48% 50%
5 20% |
O

10%

0%

4 = 0,009 ht #=0,024 bt H=0,04 1t

BCQ.; BEBiomass H Acctate EtOH 2,3 BDO

Figure 5.4 Carbon distribution from CO to products in steady state fermentations at 500 rpm
stirring rate. Carbon recoveries were normalized to 100% to facilitate comparison of carbon
distributions between different conditions.

As expected in a substrate limited regime, an increase of y resulted in an linear
increase of -qco as shown in Figure 5.5. The higher -qco value correlates with an
increase in gacand qcoz as the catabolic reaction to acetate and CO2 generates most
ATP for biomass production. On the other hand, grton and gspo generally decreased
with increasing p. Our results also show that, at the studied fermentation settings,
faster growth rates do not result in increased production rates of the more reduced
products (ethanol and BDO). This is supported Figure 5.5c, where an increase of u
leads to lower ethanol and BDO concentrations. Also, the acetate concentration in
broth decreases.
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Figure 5.5 Continuous fermentation of C. autoethanogenum grown at 500 rpm stirring rate
(Steady states III-1V-V corresponding to p = 0.009 - 0.024 - 0.04 h-1, respectively). a) and b)
Biomass-specific production rates. c) Product concentrations.

5.3.3 Influence of acetate addition

For u = 0.04 h-1at 500 rpm agitation rate, the impact of extracellular acetate (and
consequently undissociated acetic acid) on ethanol yield and productivity was
studied by supplementing acetate to feed medium at fixed pH. The operating
conditions for the obtained Steady States V and VI are given in Table 5.1 and the
results are compared in Table 5.2.

For SSt VI, gac was significantly lower than for SSt V, where total acetate
concentration (resulting only from microbial production) was much lower . On the

other hand, gewon and yield of ethanol on CO, Y, increased both almost 10 fold

tOH/CO’
at the increased acetate concentration. This coincided with an increase of 13.5% in
-gco and 22.4% in gcoz, and a decrease of 27.8% in biomass concentration. BDO
production was not measured upon the addition of acetate to the feed medium.
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Table 5.2 Comparison of steady-state conditions and conversion between experiments with
(SSt VI) and without (SSt V) acetate in the feed medium.

Steady-state fermentation \4 VI
Volume-specific acetate feed rate (g L1 h'1) 0 0.408 + 0.004
Growth rate (h1) 0.039 +0.002 0.040 +0.002
Biomass concentration (g L1) 0.36 +0.01 0.26 +0.01
Acetate concentration (g L1) 3.13+0.17 11.38+£0.11
EtOH concentration (g L1) 0.045 + 0.009 0.318 £ 0.006
BDO concentration (g L1) 0 0

qco (mmol gxL1) -273+1.6 -31+2

qcoz (mmol gy L1) 13.4+0.8 164+ 1.6

qac (mmol gxL1) 5.8+0.5 3.2+03

geon (mmol gxL1) 0.11 £ 0.02 1.05 +0.07
Ysion/co (Moleton molco) 0.0039 +0.0008  0.0340 + 0.0009

a) Substracting the added acetate leads to 1.23 + 0.11 g L-! produced acetate.

5.4. Discussion

5.4.1 Acetic acid increases ethanol yield on CO

The maximum amount of ATP produced for the catabolic conversion of CO to acetate
and to ethanol is given by (155, 157):

4CO+2H,0 — Ac+2CO,+L5ATP 5.6

6CO+3H,0 — EtOH+4CO,+ 2.1 ATP 5.7

Per converted CO, more ATP is produced in case of acetate than in case of ethanol
production. Therefore, acetate is the main product if CO is limiting, but still
sufficiently available to prevent formate production. However, like Diender (158),
we found that addition to acetate to the feed resulted in decreased acetate
production, increased volumetric ethanol production rates, and decreased biomass
concentrations. Toxicity of undissociated acetic acid to the microorganism was
proposed (158). Similar results on ethanol productivity have been obtained by
others with other microbial strains or other gas compositions (159 - 161).

The undissociated acetic acid concentration depends on pH and measured total
acetate concentration (dissociated plus undissociated).

Figure 5.6 compares our results with literature data from CO fermentations by C.
autoethanogenum. Despite different fermentation conditions among studies, the
general trend is that ethanol yield on CO increases with increasing extracellular
acetic acid concentration until a plateau is reached. While the maximum catabolic
yield is 0.17 moleton molco? according to equation 5.7, the maximum experimental
yields reported are close to 0.090 molrwon molco? for acetic acid concentrations
higher than 25 mmol L1,
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Figure 5.6 Ethanol yield on CO for different continuous fermentations of C. autoethanogenum
grown on CO (148, 152, 170, 171) as function of the extracellular acetic acid concentration,
which was calculated from the concentration of total acetate and pH at steady state.

At extracellular pH around 6.0, a small part of total acetate is protonated. The higher
the extracellular total acetate concentration or the lower the pH, the higher is the
resulting undissociated acetic acid concentration. Acetic acid has a significantly
higher permeability coefficient than acetate (150) and therefore it diffuses faster
into the cell. When acetic acid diffuses back into the cell it carries a proton that is not
being imported through ATPase, therefore not producing ATP. This explains the
inhibitory effect of acetic acid on the microrganism, as higher concentrations of
acetic acid lead to the uncoupling of proton motive force and respective higher ATP
maintenance requirements (150). As a strategy to restrict such ATP loss, the
microorganism drives the metabolism towards acetate conversion to ethanol, even
though Yare/co is lower when CO is overall converted into ethanol than in acetate -
equations 5.6 and 5.7. Similarly, for Clostridium ljungdahlii, Richter et al. (103) has
stated that at a thermodynamic threshold concentration of undissociated acetic acid
with a surplus of reducing equivalents, ethanol production occurs as an overflow
mechanism.

Comparably to our experimental results, Xu et al. (162) demonstrated that ethanol
production is increased (through acetate reduction via an aldehyde:ferredoxin
oxidoreductase (AOR)), upon supplementation of additional extracellular (13C-
labeled) acetate to the cultivation medium of C. autoethanogenum, growing on 100%
CO in batch experiments, and posterior detection of 13C-labeled ethanol. The indirect
ethanol pathway, through acetate reduction via AOR, has been postulated and
discussed before (27, 149, 163) and its role in autotrophic ethanol production in C.
autoethanogenum has been confirmed by Liew et al. (151).
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Product inhibition in chemostats leads to lower biomass concentration (164), in line
with our observation in Table 5.2. These results emphasize that acetic acid
concentration is a key fermentation variable that determines metabolic shifts in CO
fermenting acetogenic bacteria C. autoethanogenum, and consequently, also impacts
product distribution, ethanol yield and volumetric productivities. Since mass
transfer rate and growth rate affect the resulting total extracellular acetate
concentration, and pH the undissociated acetic acid concentration, these factors are
equally fundamental to determine product distribution to ethanol (see subsequent
sections). This finding has pertinent implications for industrial process operation
and for tuning metabolic shifts towards solventogenesis. For example, by lowering
operational pH or recovering and recycling acetate to the bioreactor, one could drive
production towards higher ethanol yields and productivity.

5.4.2 Influence of mass transfer

Decreasing the fermentation agitation rates corresponds to decreased gas-to-liquid
mass transfer rates, dissolved CO concentration in the broth, and CO uptake rate. For
C. autoethanogenum fermentations we observed excretion the intermediate
metabolite formate. Formate production in syngas fermentation has been previously
observed during batch cultivation of Clostridium ljungdahlii (165, 166) and in
Acetobacterium woodii (167, 168) and has been linked to high partial pressure of
dissolved COz or Hz. Our continuous fermentations have no COz or Hz feeding, and
we expect very low CO concentrations when formate is excreted. Formate excretion
might be caused by its accumulation due to a bottleneck in a consecutive conversion
step in the WLP. Formate formation is the first step in the methyl branch and
reducing equivalents are required to convert it to methyl-COFeSp which is a
substrate for CODH/ACS. In the case of low CO concentration conditions, there could
be a deficiency of reducing equivalents, which are typically supplied by CO oxidation
to CO2. The lack of reducing equivalents (due to severe limitation in CO availability)
could potentially hinder the further conversion of formate to methyl-COFeSp,
resulting in the accumulation of formate.

C. autoethanogenum harbours more than one CO dehydrogenase (CODH) enzyme,
which can catalyse the reversible CO oxidation to COz (1) - Figure 5.1. One of the
CODHs combines with acetyl-CoA synthase (ACS) to form the bifunctional
CODH/ACS complex for CO2 reduction to CO and acetyl-CoA fixation (Figure 5.1). In
the case that the activity for CO conversion would be much higher for the CODH
which catalyses CO to COz, than for ACS which catalyses CO to acetyl-CoA, formate
accumulation could be explained. A reason for the relatively low activity of ACS
complex in case of low CO concentration might be that the Michaelis constant of the
CODH for CO is well below the CO concentration, in combination with a Michaelis
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constant of ACS for CO well above the CO concentration, such that only ACS loses
activity. Enzyme affinities for CO will need to be measured to test this hypothesis,
using, for example approaches and methods similar to Techtmann et al. (169).

Increasing mass transfer triggers other effects. Assuming a carbon-limited
continuous cultivation, for a fixed growth rate, Valgepea et al. (150) expected to
obtain the same qco for different stirring rates (and corresponding substrate transfer
and uptake rate, and biomass concentrations). Instead, Valgepea et al (170)
observed an increase in -qco from ~22 to ~31 mmol gx'! h'! when increasing stirring
rate from 510 to 650 rpm, in case of growing C. autoethanogenum solely on CO at u
=~0.04 h-1. Besides, increased agitation rate resulted in higher production of acetate
and ethanol and a higher acetate to ethanol ratio.

We explain this as follows: For a fixed growth rate, an increase in agitation rates also
translates into higher biomass concentration and qac and, consequently in higher
acetic concentration. This is aligned with our experimental results (Figure 5.2) and
by Valgepea et al (170). Given the inhibitory effect of undissociated acetic
concentration on the microorganism, this consequence elucidates the metabolic
shifts and carbon distribution in C. autoethanogenum, when varying substrate mass
transfer rate. It also explains the increase of -qco for higher mass transfer rates
obtained by Valgepea et al (170) and the resulting increased acetic acid
concentrations, since cells dissipate more CO as CO:z for maintenance and
consequently a lower carbon fraction is allocated to biomass growth.

5.4.3 Influence of growth rate

Figure 5.7 shows the dependence of gco and gewon on p for our experimental data at
500 rpm and diverse literature studies, for continuous CO fermentations by C.
autoethanogenum under diverse cultivation conditions that avoided formate
production. No qco data were obtained at 100 rpm due to equipment malfunctioning.
While our experiments and those reported by Diender et al (152) used media
containing yeast extract and at pH 5.9 and 6.2, respectively, other studies used
chemically defined medium at pH 5 (148, 170, 171). All studies used a stirred tank
reactor, except Chen et al. (171) who used a bubble column reactor. Furthermore,
gas flow, CO composition in inlet gas, and agitation rate (if applicable) vary widely
between the different studies analysed here.
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Figure 5.7 Biomass-specific rates of (a) CO and (b) EtOH as function of specific growth rate in
continuous fermentations of C. autoethanogenum grown on CO (148,152,170, 171).

Still, gco clearly correlates with p, largely according to the Pirt equation (154):

=0, = H+my 5.8

max

x/CO

However, the obtained maximum yield of biomass on substrate, Y{,”ZXO =0.076+0.005

molx molco! and maintenance coefficient, meco = 0.20+0.05 molco molx! h-! from this
figure are merely apparent values because the undissociated acetic acid
concentration results influences the amount of ATP required for maintenance (150),
and different amounts of CO are consumed depending on the catabolic product. de
Lima et al. (148) claimed that increasing the growth rate increases geton and or the
volume-specific productivity of EtOH (rewon) but our experiments did not confirm
this for geton (Figure 5.7b) or rewon (not shown). de Lima et al. (148) increased the
agitation rate for faster growing rates experiments to obtain equivalent biomass
concentrations between the different steady states, which also resulted in higher
total acetate concentrations and, consequently higher undissociated acetic acid
concentrations than in our experiments (Figure 5.6). As discussed previously, higher
acetic acid concentrations drive metabolic shifts towards ethanol production. In our
study, the fermentations were cultivated at pH 5.9, which, using acetic acid pKa of
4.77, results in a fraction of 6.7% undissociated acetic acid over total acetate;
whereas this fraction increases to 36% at pH 5, which was used by de Lima et al.
(148). For a fixed growth rate, there are other experimental conditions that can
affect ethanol production. Namely, pH and CO mass transfer rate (which are directly
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linked to acetic acid concentration) and media composition (including yeast extract
concentration) have a major relevance.

Yeast extract has been reported to provide the required trace nutrients for the
structural integrity of CO fermenting Clostridium bacteria (172), besides being an
importance nitrogen source for the microorganisms and having a positive effect in
lag phase duration (173). Nonetheless, lowering yeast extract concentration in the
feed medium has been shown to result in enhanced production of more reduced
products (such as ethanol) (11, 84, 174). This could explain some differences
regarding ethanol productivity with faster growth rates between our experimental
results and the discussed literature.

5.4.4 Implications for Ethanol Yield, Titer and Production Rate

By imposing different agitation rates in steady-state fermentations, we showed that
insufficient mass transfer rate results in the excretion of the intermediate metabolite
formate, while increasing mass transfer rates results in higher acetate and ethanol
titres, yields and productivities. Our study did not focus on maximizing ethanol
concentration. Nevertheless, based on our results we conclude that to obtain
commercially interesting ethanol concentrations, much higher CO mass transfer
rates will be needed (to provide sufficient carbon and reducing equivalents), while
the dilution rate should still be modest to prevent dilution. We hypothesize that the
extracellular undissociated acetic acid concentration is the crucial variable
determining ethanol yield and production rate. In fact, our results strongly suggest
that, by increasing the extracellular undissociated acetic acid concentration, C.
autoethanogenum shifts CO metabolism towards ethanol production as a strategy to
cope with acetic acid inhibition. A high yield of ethanol on CO requires > 20 mmol/L
undissociated acetic acid, which can be obtained by (a combination of) high CO
transfer rate, low pH, low dilution rate, and external acetate addition. Our research
extends beyond previous studies on C. ljungdahlii (103, 159) by investigating the
strain C. autoethanogenum, showcasing the impact of acetic acid inhibition across
CO fermenting acetogen species. These outcomes could shed light on strategies for
industrial process operations and to drive metabolic shifts towards solventogenesis
in CO fermentations. Additionally, acetic acid inhibition should be included in
stoichiometric and kinetic models for accurate prediction of CO uptake rate, product
distribution, yields and titres.
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6. Conclusion and Outlook

In this this chapter we reflect upon the goals and questions that were initially
outlined and how we are closer to the much-desired answers regarding the role and
influence of gas-to-liquid mass transfer in syngas fermentation bioreactors
performance. Furthermore, we reflect and on the meaning of this for the future of
syngas fermentation development and industrialization.

6.1. Performance of Hollow Fibre Membrane bioreactors for syngas
permeation and fermentation

Despite the limited number of experimental studies on bubbleless Hollow Fibre
Membrane (HFM) bioreactors in syngas fermentation, and thereby the lack of
experimental data and understanding that could be deployed for optimization, the
large number of abiotic studies on this topic suggested that HFM bioreactors have
the potential to largely surpass the gas-to-liquid mass transfer performance of the
industrially standard bubbled reactors. This led us to question: Which membrane
bioreactor configuration is most suitable for improvement of syngas mass

fermentation mass transfer and volumetric productivity?

Our research suggests that hollow fibre membrane bioreactors with dense or
asymmetric membranes, containing polydimethylsiloxane  (PDMS) or
polymethylpentene (PMP) are the most suitable configuration to achieve enhanced
mass transfer in syngas fermentation. These configurations offer substantial
advantages due to their high interfacial area, high permeability, mechanical stability
(durability), and resistance to biofouling. The suitability of hollow fibre membrane
(HFM) modules is further emphasized by their potential ability to support biofilm
formation, which aids in cell retention and can enhance reactor performance by
increasing the biomass concentration. Furthermore, flow configurations such as co-
current or counter-current within these modules (gas in fibre lumen and liquid in
membrane shell), along with adequate liquid recirculation rates, are crucial to
maximizing mass transfer rates while preventing biofouling. The systematic study of
gas feed configurations (open-/closed-end) and liquid flow patterns (co-/counter-
/cross-current), fibre spacing, and process characteristics such as biofilm density
and thickness, is still needed to further explore the full potential of this technology.
This led to the next research question: Which operational conditions for such a
syngas fermentation membrane bioreactor maximize volumetric productivity?
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6.2. Mathematical model as a tool to design and optimize HFM bioreactors for
gas fermentation

We used a model-based approach that allows to systematically design and optimize
HFM bioreactors and to gain an understanding of each variable’s contribution to the
overall process performance.

The results indicate that, provided adequate gas pressures, high K.a values can be
achieved, and the reaction rate will be the limiting factor up to a certain biomass
concentration. Therefore, biofilm configurations are predicted to enhance
productivities compared to suspended biomass configurations. Biofilm thickness,
biomass concentration, and diffusion coefficients are key biofilm variables which
still need to be experimentally determined and validated for accurate model
predictions. This means that, currently, the model is most suitable for predicting
trends and trade-off relations between process variables rather than exact
quantitative predictions. As George Box (175) famously stated, “All models are wrong,
but some are useful” we highlight the practical utility of the model despite its
limitations in precise quantitative predictions.

The hydraulic retention time (HRT) was identified as a critical operational
parameter, governing the trade-off between high ethanol concentration and high
volumetric production rate: longer HRTs may increase ethanol concentrations but at
the cost of lower production rates. To determine the exact trade-off HRT, a better
understanding and validation of microbial stoichiometry and kinetics for CO
consumption and ethanol formation is necessary. Incorporating biokinetic models
that are more accurate or have more details such as described by Almeida
Benalcazar (176) will improve predictions of ethanol concentrations and
productivity. This includes better descriptions of microbial growth rates, substrate
uptake rates, and product formation kinetics. The HFM bioreactor model described
in this thesis serves as a valuable tool for evaluating and optimizing HFM bioreactor
for syngas fermentation. By simulating various operational scenarios, the model can
guide experimental designs and help identify the most effective strategies for
enhancing mass transfer and productivity. Although the model currently focuses on
syngas fermentation and ethanol production, its structure is adaptable to other gas
substrates and products. This flexibility allows for broader applications in
bioprocessing, enabling the optimization of HFM bioreactors for production of a
range of biofuels and biochemicals. Adaptation of the model to other gas
fermentation processes requires implementing a different gas composition and
respective substrate properties (diffusion coefficients and solubilities in membrane
and liquid phase, etc.). Furthermore, the HFM bioreactor setup can be modified to
include a different membrane material (hence different diffusivity and solubility),
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fibre spacing and length, etc. If a different mass transfer model applies (such as in
the case of a microporous membrane material), the mass transfer model needs to be
adjusted and can be even simplified according to mass transfer models discussed in
Chapter 2. Further extension of the model to include permeation of volatile products
(such as ethanol produced by syngas fermentation) to the feed gas will enable
evaluation of new promising designs for in-situ product removal (ISPR).

6.3. HFM bioreactors for in-situ solventogenic product removal in syngas
fermentation

In-situ product removal (ISPR) techniques in fermentation processes aim to alleviate
product toxicity/inhibition and, consequently, increase liquid volumetric
productivity (34, 177). HFM bioreactors for syngas fermentation can have this added
valuable functionality which becomes especially interesting for volatile inhibiting
products such as ethanol, as these can be removed by the feed gas. A dense
membrane such as PDMS, which is already used in the field of syngas permeation
and fermentation, is highly selective for ethanol and allows for its transfer to the gas
phase, hence for its pervaporation (Chapter 2). In a study of such a design (177), as
an extension of our previous model (Chapter 3) on analysis of ethanol production
from CO in a HFM bioreactor, ethanol pervaporation proved to be a selective step
and to have a significant impact on ethanol volumetric productivity. The gas phase
velocity was demonstrated to increase ethanol’s in-situ pervaporation rate. Through
ethanol permeation and removal via the gas phase, the amount of dissolved ethanol
in the liquid phase decreases and, consequently, the assumed inhibitory effect of the
product decreases as well. Thus, overall volumetric productivity increases. In model
calculations (177), we found a 52% increase of the productivity when comparing the
optimal operational parameters defined for the previous model study case (Chapter
3). Moreover, at high gas flow rates, almost 90% of the produced ethanol was
removed via the gas stream. An industrial scale process that recovers the product
both from the liquid phase and gas phase can be designed - Figure 6.1.

The industrial scale approach for HFM bioreactos combines both scale-up and scale-
out (scaling by numbering up). In the proposed process (Figure 6.1), commercial
industrial modules of HFM are used (Oxymem, 4.5 m3) and an annual production of
50 000 ton of ethanol per year is considered. The process has been simulated and
evaluated in Comsol Multiphysics® 5.5 and AspenPlus® V8.8; the gross mass
balances and the majority of data storage were compiled with spreadsheet software,
and a techno-economic analysis was also performed. The detailed equipment list
and settings for the ethanol recovery process and techno-economic feasibility
calculations are reported by Beatriz (177). The model simulation of the scaled-up
syngas fermentation process highlights that the low volume per individual industrial
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membrane module requires the use of a high number of parallel reactor units to
achieve the desired production scale.

F_out G1

Ethanol

—
(-

Compressor

Media

Heater 1

R1

Liq out

co éé F_in Distillation

Mixer

Figure 6.1 Conceptual industrial scale process flow design for syngas fermentation in a dense
HFM bioreactor, with ethanol recovery from liquid and gas streams. R1 indicates modules of
HFM, M2 is the molecular sieve for ethanol dehydration and M3 is the MEA-based CO2 capture
unit (177).

Furthermore, key operational variables identified include packing density, gas
inflow velocity, and hydraulic retention time. Careful tuning of these variables is
essential for optimizing the overall process performance and determining the
optimal number of HFM modules required. Additionally, the downstream processing
strategy should incorporate a condensation step specifically for recovering ethanol
from the gaseous stream, followed by distillation and dewatering steps to purify the
final product. These findings provide a comprehensive framework for scaling up
HFM-based syngas fermentation processes, ensuring both efficiency and economic
viability. Finally, a techno-economic analysis was performed to evaluate the trade-
offs between productivity, product concentration in the liquid and gaseous phases,
costs, and other economic indicators. In this analysis, ethanol recovery scenarios
were studied, and operational parameters were optimized to ensure maximum net
present value (NPV) over 20 years of operation. It was concluded that HFM
bioreactors are prohibitively expensive, accounting for 73% of equipment
purchasing costs in the optimal scenario. Distillation and compression emerged as
the costliest operations. The optimal ethanol recovery scenario involves
simultaneous recovery from both the liquid and gas phases. There is a notable trade-
off between productivity and costs; the least expensive operational set-up does not
correspond to the highest achievable volumetric productivity. Consequently, this
analysis suggests that the process of ethanol production from CO fermentation using
HFM bioreactors is currently not profitable.

117



Conclusion and Outlook

6.4. Bubbleless vs. bubbled syngas fermentation bioreactors

Now that we assessed the technical and economic performance of HFM bioreactors
for syngas fermentation and permeation at an industrial scale, we can reflect on how
this bubbleless configuration compares with a typical bubbled bioreactor
configuration.

To perform a fair comparison between HFM bioreactors and bubble column (BC)
reactors for syngas fermentation, we utilized a model initially developed by Almeida
Benalcazar et al. (2020) for a syngas fermentation to ethanol in a bubble column
bioreactor. This model was adapted to align reaction kinetics and process conditions
with those used in the HFM bioreactor study (177), including modifications to
incorporate the same ethanol inhibition model and adjustments to stoichiometry
due to differences in biomass composition. Both processes were designed for a
production scale of 50 000 ton of ethanol per year. This analysis (177) reveals that
the volumetric productivity of the BC reactor is approximately 4.7 times higher than
that of the HFM reactor. According to the models, this is the case since we can reach
higher biomass concentration per volume of liquid phase in bubble column reactors
(10 g/L) than in the HFM bioreactor configuration (3.65 g/L). Consequently, the
volume required to achieve the same ethanol production is significantly smaller for
the BC reactor, requiring only three bioreactors compared to the extensive number
required for HFM reactors (1955 units). This is further emphasized by the scaling
factor, which is lower for the BC (scale up) reactor versus the HFM reactor (scale
out), indicating a more efficient economy of scale for the BC configuration.

Capital investment costs are markedly lower for the BC reactor scenario, with an
estimated cost of 82 M€ compared to 502 M€ for the HFM bioreactor setup. This
substantial difference is primarily attributed to the high purchasing costs associated
with the large number of HFM reactor units needed (~1,955). Although the BC
process includes an additional biomass filter not required in the HFM reactor
process, this does not offset the overall cost advantage. Operational costs present a
mixed scenario: while utilities are cheaper for the HFM bioreactor due to higher
ethanol concentrations achieved in both the off-gas and liquid streams (21 M€ /year
for HFM reactor versus 34 M€/year for BC), total operational expenses are greater
for the HFM bioreactor. This is largely due to the significant maintenance and
depreciation costs associated with the numerous reactor units, requiring process
control and maintenance. The net present value (NPV) analysis indicates that the BC
reactor scenario is economically more viable. The capital investment in reactors has
a profound impact on economic viability, with the high initial costs of HFM
bioreactors making them less attractive despite their operational efficiency in terms
of utility usage. In conclusion, the BC reactors come forward as the preferable
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industrial bioreactors option for syngas fermentation due to their higher
productivity, lower capital investment costs, and better overall economic
performance.

6.5. The future of HFM bioreactors for syngas permeation and fermentation

We could then raise the questions of what would be needed to turn HFM bioreactors
feasible for syngas fermentations and if that is realistically achievable. Our analysis
underscores the need for further optimization and cost reduction strategies to make
the HFM-based syngas fermentation process to ethanol economically viable.

The model results assessment assumed a conservative biomass density in the
biofilm (of 15 g/L) (98, 177) whereas typical anaerobic biofilm-based bioreactors
can reach around biomass densities in the biofilm of 50 g/L (178). Such biomass
densities are achieved in typical biofilm-based bioreactors given the absence of gas
mass transfer limitations. On the other hand, for syngas fermentation, one can reach
either a high biomass density in the biofilm or a thick biofilm, but not both
simultaneously. According to sensitivity analysis calculations (98), ethanol
volumetric productivity and ethanol titres could roughly increase 2 to 3 times, for
the latter biomass densities considering a constant biofilm thickness. This would
result in a more favourable techno-economic assessment, although still insufficient
to reach economic feasibility. This reinforces the critical need to experimentally
validate those variables (biofilm thickness and biomass densities in biofilm) if a
precise analysis and feasibility study is desired. Despite these uncertainties, our
results (177) identify that HFM bioreactor costs account for the most of equipment
investment costs, up to 88%, consisting of 15 % housing and 73% PDMS membrane
fibres, for the conceptual process flow suggested in Figure 6.1. In general, to reach
process economic feasibility, the membrane fibres costs would need to decrease
substantially, which in practice difficult to achieve. A sensitivity analysis shows that
areduction of 20% in the HFM reactor cost would lead to a 17% reduction in CAPEX
and a 19% improvement in NPV. Other strategies, although causing less impact,
could include improvements in HFM module design, namely if bigger module
volumes would become commercially available and higher packing densities could
be used without hindering process performance. This would result in reduction in
process control and housing costs. Our analysis for the product selling price shows
a minimal ethanol selling price of 3345 €/ton for the proposed HFM bioreactor
process flow, which is 3.6 times higher than market price considered (177). This
suggests that HFM reactor could be more favourable for the production of other
higher-value products (such hexanol, caproate, butyrate, etc.). These products
require a much smaller production scale, and in in that case, perhaps HFM bioreactor
could become more competitive with standard industrial bubbled bioreactors. This
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could be particularly interesting for products which do not enhance mass transfer
coefficient as much as solventogenic products (such as ethanol) do in bubbled
bioreactors, and could be relevant to other types of gas fermentation processes (02,
Hz, CH4 or COz) - discussed in Chapter 4.

6.6. Performance of syngas fermentation in bubbled bioreactors

The aforementioned conclusions led us to redirect the research focus into the study
of gas-to-liquid mass transfer behaviour and performance of bubbled bioreactors for
syngas fermentation. Namely, it became relevant to investigate the influence of
syngas fermentation broth properties (composition, viscosity, etc) on the gas-to-
liquid mass transfer rate in bubbled bioreactors (such as bubble columns and stirred
tank reactors, STRs) so that their operation is better understood and optimized.

The findings from Chapter 4 underscore the critical role of ethanol in enhancing gas
mass transfer in syngas fermentation broths. Ethanol significantly increases the K.a
by inhibiting bubble coalescence, which results in a smaller average bubble size. This
is essential for improving the efficiency of syngas fermentations. This effect is
particularly pronounced in concentrations up to 5 g L™* of ethanol, beyond which
Kia stabilizes. We also highlight the contribution of several other broth components
and characteristics such as salinity, biomass, and surfactants (proteins, anti-foam,
organic acids, other solventogenic products, etc.) to explain the dynamic nature of
Kia in syngas fermentation processes. These components can either enhance or
inhibit mass transfer depending on their specific interactions within the broth.

From an industrial perspective, our results suggest that syngas fermentation
towards solventogenic products such as ethanol is advantageous in bubbled
bioreactors because small bubble sizes are obtained, as required for fast gas-liquid
mass transfer in the process. High Kia values (between 600 and 750 h-1 (16)) are
predicted for industrial bubbled bioreactors during syngas fermentation to ethanol.
Ethanol presence promotes these conditions by stabilizing smaller bubbles (0.2 to 1
mm), thereby increasing gas hold-up, and enhancing mass transfer. In contrast, gas-
water systems with larger bubbles (5 to 7 mm) cannot achieve the same mass
transfer performance. In fact, this is one of the reasons why empirical relations
(derived from gas-water systems) fail to achieve correct K.a predictions for syngas
fermentation broth.

This further endorses the suitability of bubbled bioreactors for industrial syngas
fermentations. These reactors will achieve sufficient mass transfer rates. At very
large scale, Bubble Columns are generally preferred to Stirred Tank Reactors (179,
180); therefore, Bubble Columns and the related Gas lift loop reactors currently
come forward as competitive bioreactor configurations for industrial syngas
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fermentation, but an in-depth discussion of this topic is outside the scope of this
thesis.

Future research should continue to explore the interplay between different broth
components and their impact on mass transfer characteristics. This will involve
systematically studying the effects of various additives, such as salts, proteins, and
other organic compounds, on Kia, bubble size, and gas hold-up. Developing more
accurate predictive models that incorporate these variables is essential for
optimizing fermentation processes (181). Additionally, investigating the scalability
of these findings to larger industrial reactors and different types of gas
fermentations will be crucial for translating laboratory successes to commercial
applications.

To further optimize syngas fermentation in bubbled bioreactors regarding titres and
volumetric productivities it is relevant to understand how the respective operational
settings influence the fermentation performance. More specifically, it raises the
question of what the influence of mass transfer rates, growth rates and the
concentration of the co-products is on continuous syngas fermentation performance
(titres and volumetric productivities)? Chapter 5 provides significant insights into
how these factors influence CO metabolism in Clostridium autoethanogenum, in
continuous fermentation, using a chemostat as a research device. We have identified
that the concentration of undissociated acetic acid is one of the critical factors
determining the ethanol yield and productivity; and that high concentrations inhibit
microbial growth but shift the metabolism towards ethanol production.
Consequently, controlling extracellular acetic acid levels through operational pH,
dilution rate (hence growth rate in a chemostat), and exogenous acetate
supplementation can optimize ethanol production. Furthermore, the growth rate
affects product distribution, with higher growth rates impacting overall metabolic
balance and acetate concentration without necessarily increasing ethanol
production. These findings have substantial implications for industrial syngas
fermentation processes aiming to maximize ethanol yields. By tuning variables such
as agitation and gas supply rates, pH, and dilution rates, it is possible to control the
concentration of undissociated acetic acid, thereby optimizing ethanol production.

Recovering and recycling acetate within the bioreactor could maintain high acetic
acid concentrations, promoting ethanol production while managing microbial
inhibition. An innovative downstream process could involve multiple distillation
stages, with the initial separation occurring under reduced pressure (182). By
operating under a vacuum and avoiding the use of extra chemicals, this method
ensures that microorganisms remain intact and can be recycled back into the
fermenter along with most of the water and acetic acid (182). The process
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performance could be further optimized using advanced heat pumping and heat
integration techniques, enhancing both economic and environmental outcomes
(182). Consequently, this improved downstream process has potential to recover
high-purity ethanol, prevents biomass loss, and boosts fermentation yield by
enabling a closed-loop operation (182).

Our results could be further improved by integration of reconciled chemostat data
across a wide range of conditions and the identification of knowledge gaps related
to dissolved gas concentrations (104). This lack of knowledge on dissolved CO
concentrations is caused by a lack of dissolved CO measurements. Although several
methods have been developed for measurement of dissolved CO concentrations
(156, 183, 184, 185), most are laborious and time consuming, expensive, or not
compatible with certain experimental setups. Development of an affordable
commercial sensor for dissolved CO measurements would be a significant advance
in solving this limitation. Accurately linking dissolved gas concentrations and
product inhibition to the kinetics of acetogens is key to solve one of the major
research gaps in the field of syngas fermentation and to yield successful scale-up and
industrialization of the technology.

Future research should indeed focus on further elucidating the mechanisms behind
metabolic shifts and explore genetic modifications to enhance microbial tolerance
to products and improve the efficiency of the Wood-Ljungdahl pathway.
Understanding and manipulating these variables will be essential for advancing
syngas fermentation technology and achieving sustainable biochemical production.

6.7. The future of syngas fermentation

Syngas fermentation industrialization has expanded globally. While industry leads
the field by licensing their technology for various gas feedstocks and expanding their
product portfolio, academic research groups and scientific work published on the
topic is growing exponentially (186). Bubbled bioreactors, namely gas lift and
bubble columns, emerge as a competitive bioreactor configuration for process
industrialization and scale up. Understanding the impact of syngas fermentation
broth composition on bubble stabilization and mass transfer enhancement is crucial
for process modelling and design. Unravelling the microbial kinetics and their
relation to dissolved gases and product concentration is key to drive the
fermentation performance further and optimize process design. The same applies to
expanding the knowledge on gas-to-liquid mass transfer behaviour and the
contribution of other operational conditions. This progress is exciting and
favourable to a future panorama where industry decarbonization and carbon
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recycling technologies become the norm. A norm that is absolutely necessary to fight
climate change, and for human species and planet preservation.
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