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Preface

This design is made for the course Conceptual Process Design (ST493) at the
subfaculty of chemical engineering, Technical University Delft, by 4 engineering
students in the later stage of their studies. The findings of a 12 week team effort
resulted in this design of an EO/MEG manufacturing plant, as presented in this
document.

This design was made for, and under the guidance of, Stork Engineering and
Contracting. Stork E&C gave us a much appreciated trial run on the work of an
engineer in his own environment.

During this design we learned a lot about the way designing is done in the real world of
engineers.

During the struggles of our team it became clear that design should be based both on
technology and emotion, as well as basic engineering insight.

We wish to thank our supervisors Ir. C.J. van Tiggelen and Ir. J.A. Langerak for their
effort in coaching during this design, as well as Stork Engineering and Contractors for
the provided facilities. Thanks are also due to Ir. C.P. Luteijn for placing us with
Stork.

For the artist’s impression of a chemical factory on the cover page, we wish to thank
P. Roeland.

Besides this extensive document, a CD-Rom containing all electronic information, such

as Aspen simulations, Excel and Mathcad calculations, and Word documents is
available.

Delft, December 1999

Notice

This document shall not be reproduced, copied, loaned or disposed of directly or indirectly nor used
for any purpose other than that for which it is specifically furnished without prior written consent of
Stork Engineering and Contractors.
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Summary

This conceptual design covers a design of a typical U.S. Gulf Coast plant for the
production of 200,000 t/a fiber grade MEG and 100,000 t/a sales specification EO.
The on stream factor of this plant is 91 % (8000 h per year). The global capacity for
ethylene oxide (EO, or oxirane) currently stands at about 14.5 Mt/a, of which 2.5 Mt/a
in Western Europe, and 5.2 M¢t/a in North America. The plant design (equivalent with
an EO capacity ({‘f 200,000 t/a) 1s middle class in size. The major ‘players’ on this
market are Scnenh@ilg/n,,%ell Nippon Shokubai and Dow. The EO and MEG
demand is expected to grow to and past 2005.

A process is chosen in which ethylene is converted to ethylene oxide (EQ), which is
further used for the production of monoethylene glycol (MEG) by hydrolysis of the
intermediate ethylene carbonate. An integrated scheme of a Shell based EO design and
a Mitsubishi based MEG design is selected as the most economically viable des:gn A
process basedlon carbonate route technology has been carried out only on a mini plant
scale.~

Most advantageous of using a carbonate route design (producing MEG viathe i/
intermediate ethylene carbonate) is a much higher selectivity (99%) fo MEG‘€ompared
with conventional hydrolysis routes (approximately 80 % selectivity) and the absence
of evaporating large amounts of water (in a multi effect evaporator).

The fixed capital calculated is 138 million USD. In comparison to other EO facilities as
licensed-by-Scientific Design the fixed capital required by this design is lower. The J
annual raw material costs are 116 million USD. Annual utility costs are 12 million

USD. Total annual production costs sum up to 175 million USD. Income from the

sales of EO and MEG products are 246 million USD annual]y This results in a

payback time of 2.5 years, a sound economical plan/ Stablllty analysis shows that

possible fluctuations in prices and production do not have lethal influence on the

economic prospects of this design.

il
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1. Introduction

This document presents the conceptual design of a plant for the production of 200,000 t/a
fiber-grade monoethylene glycol (MEG) and 100,000 t/a direct sales specification
ethylene oxide (EO). The principals are Stork Engineering and Contracting, and the
subfaculty of Chemical Engineering, University of Technology, Delft.

The global capacity for ethylene oxide (EO, or oxirane) currently stand$ at about_14.5
Mt/a, with 2.5 Mt/a in Western Europe, and 5.2 Mt/a in North Americ " ! ) The balance
is accounted for | largely by the Middle East and Asia. Globally, the demand for EO is
growing strongly, due to increased demand for polyesters Mono ethylene glycol (MEG,
of 1,2-ethanediol) accounts for more than 70%' of the EO demand (split evenly between
anti-freeze grade and fiber-grade), although in Europe the trend is towards higher value
EO derivatives. EO is also used as fumigant and as a sterilizing agent for medical
equipment, as well as feedstock for ;Lhoxylate products. MEG is polymerized to
polyesters and PET, and applied as/ freeze protect(}n in cars jalnts and alrport runways.
Slabol '>
The total market for MEG has grown from 6.2 Mti‘a in 1990 to 10 1 Mt/ain 1998. T
lg;‘owth in EO and MEG demand is expected to continue up to and past the year 20Q_m

The essentially single-train design described in this document has an equivalent capacity
0f 200,000 t/a EO, making it a middle-class plant as far as size is concerned. Table 1.1
reflects the current situation in North Amenca for EO plants, compiled and updated from

a number of sources. 7 da il: ';)

The aim of this design is to produce 100,000 t/a sales specification EO and 200,000 t/a
fiber-grade MEG, at the highest economically feasible selectivity’s. Details of the
product streams are given in chapter 3, basis of design 70% of the operational costs of

influence on total costs.

The production of MEG historically is accompanied by a substantial production of
diethylene glycol (DEG), as well as higher glycols, and high energy consumption. It is
the aim of this design to produce as little DEG and other by-products as possible with a

low energy cousumptiog%ii*!mn dioxide production.

The design is based on a combination and integration of a Shel/CRI EQ plant and a
MEG process as patented by Mitsubishi. The EO plant is rather conventional, but the
MEG process has not been aEBhed in mdustgg yet. Under the parameters of this project,
this combination makes the most attractive design.

The EO production section consists of a multi-tube, water-cooled, plug-flow reactor,
filled with a silver-based catalyst, over which approximately 10% conversion and 86%
selectivity is achieved. Thi ns 14% of the ethylene is combusted to CO, and HzO
EO is scrubbed by a ME@;Zsorbent stream, which is split 50/50 for EO recovery
(section 400) and MEG production (section 300). MEG production is a two-step
process, the first a carbonation reaction, the second a hydrolysis reaction. Approximately
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90% of the effluent of carbonate reactor is recycled as absorbent. The remaining 10%,
containing ethylene carbonate (EC) and MEG, is converted to 100% MEG in two
hydrolysis reactors placed in series. Carbon dioxide that is liberated in this process is also
recycled. Since little water is used in the process, the conventional multi-effect
evaporators are unnecessary, and one dryer suffices. Fiber grade MEG is the product.
Part of the unpurified MEG is recycléd to the absorbent to preserve ItS ~1: 1 MEG to EC
ratio.
The design differs from conventional design in that the use of EC/MEG as absorbent
instead of water substantially reduces production of undesired higher order ethylene
glycols and the elimination of the multl-effect ‘evaporators.

L

Table 1.1 North American EO producers, capacities, process types, and technology, for EO in
]992(rﬂ3 PR 9425 l)

Producer Location Capacity, | Process Technology
10° t/a oxidant

BASF' Geismar, La. 285 © oxygen Shell
Dow Plaquemine, La. 270 oxygen Dow
Dow Alberta, Canada 285 oxygen Dow
Eastman Longview, Tex. 103 © oxygen Shell
Formosa Plastic Corp® | Point Comfort, Tex. | 240 oxygen unknown
Hoechst-Celanese Clear Lake, Tex. 320 o oxygen Shell
Huntsman Port Neches, Tex. 535* unknown unknown
Idesa’ Morelos, Mexico 160 unknown unknown
Olin Brandenburg, Ky. 50 o oxygen Shell
Oxy Petrochemicals Bayport, Tex. 250 & oxygen Shell
PD Glycols Beaumont, Tex. 320° oxygen Scientific Design
Pernex Mexico 328 unknown unknown
Quantum Morris, 111 113 oxygen Scientific Design
Shell , _Getsmar, La. 554* 9 25y | oxygen Shell
Shell Canada® Scotford, Canada 350 T" | unknown unkown
Sun Refining ~Ctaymorit, Del. 100 o | oxygen Shell
Texaco Port Neches, Tex. 332 oxygen Scientific Design
Tuntex’ Altamira, Mexico 400 unknown unknown
Union Carbide Seadrift, Tex. 349 air Union Carbide
Union Carbide Taft, La. 368 air, oxygen | Union Carbide
Union Carbide Prentiss, Canada 480* | unknown unknown

/Q Total /6192

Being upgraded to ~420 t/a, ready in 2000.
Being upgraded to ~270 t/a, ready in 2001 A
Joint venture with Mitsubishi Corp., due on stream mid-2000
multiple plants.

planned, post 2002. -

=il B B
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2. Process Options and Selection

This chapter describes the selection of an ethylene oxide production process, the selection
of a monoethylene glycol process, and the final combination of these two. Some
historical background and chemical issues of each of the processes is also presented.

2.1. Ethylene Oxide Process

Ethylene oxide has been commercially produced by two basic routes: the ethylene
chlorohydrin process and direct oxidation (DOEQ). Other, commercially not viable,
processes include: the arsenic-catalyzed liquid phase process, the thallium-catalyzed
epoxidation process, the Lummus hypochlorite process, the liquid-phase epoxidation with
hydroperoxides, the electrochemical process, the cyclic direct oxidation process, the
fluid-bed direct oxidation process, and biological processes FEIEPETI0 None of these

processes have passed the pilot-plant phase.

The chlorohydrin process (first employed by BASF in Germany during World War I) is

based on the production of ethylene oxide from ethylene chlorohydrin by

dehydrochlorination using either sodium or calcium hydroxide. Calcium chloride, Na OH
dichloroethane, bis-(2-ch|0roethymer, and a&:?ﬁﬁéﬁyde are also produced. The
chlorohydrin process, although it appears simpler, is no longer commercially operated,

largely due to higher capital costs and major environmental problems.

The direct oxidation (air-based first by Union Carbide Co., 1937, oxygen-based first by
Shell Oil Co., 1958) of ethylene proceeds by the following reactions:

HQC_CHz
HC=—=CH, + 120, —— » LW 4 -106.7 kJ/mol
o
~ -\-\\l
HC==CH, + 30, ————» 2C0, +2H,0  / -1323 ki/mol
G :

The first reaction results in the desired ethylene oxide, the/'second is the complete
oxidation of ethylene; and is undesirable. The reactions are catalyzed by a silver on
alpha-alumina catalyst (see appendix S for a comparison between various catalysts). The
lifetime of such a catalyst is approximately three gears,r‘With an average selectivity of 86%.
Small amounts of reaction modifiers/promoters, such‘methyl chloride, are also used — this
enhances catalyst life and reduces the chance of hotspots. The large amount of heat
produced, combined with a solid catalyst, would make a fluidized bed reactor appear to
be the best choice, due to its capability for heat transfer. However, abrasion of the
catalyst reaches unacceptable levels in fluidized beds. Therefore, only fixed-bed, multi-
tubular reactors are employed in commercial processes.

Oxygen may be supplied either as air, or as a pure feed. Air based plants, eliminating the
need for an air-purification plant, are presently economically feasible for a maximum
production of ~25,000 t/a EO™"*. Larger plants usually employ the oxygen based direct
oxidation process, and air based plants are no longer built.

The conventional direct oxidation processes all employ water as absorbent for the
recovery of ethylene oxide. There are, however, two drawbacks to using water. One
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as_3-15% of all ethylene oxide can be lost. The ethylene glycol thus produced ig difficult
to purify to fiber-grade standard due to the high amounts of aldehydes and organic acids
contained in this stream. This ethylene glycol, however, can be sold at anti-freeze grade.
The second major drawback is the energy loss. A large amount of water is employed as
absorbent. The absorption of ethylene oxide preferably proceeds at a relatively low
temperature (5-40 °C), while the stripping step requires higher temperatures such as 85
to 130 °C. It is difficult to recover the large amount of energy from this water
economically “*. The use of alkyl carbonates as absorbent is an attractive alternative;
however, the absorption of water, as well as higher percentages of ethylene scrubbed,
makes its use in plants producing solely EO more difficult and uneconomic.

problem is the by-production of (poly) ethylene glycols at the time of recovery. C*::B

Major licensors for the EO oxygen process are Scientific Design, Shell, and Nippon
Shokubai ™* P92 Qver 70% of present world capacity is based on their processes.
Union Carbide Corp. and Dow Chemical, now merged, use their own processes ™" *# %>
0 Dow does not license its technology. About 94% of U.S. EO capacity is located on
the Gulf Coast, near secure and plentiful ethylene su_p'ﬁlies.

These processes are all very similar (silver based catalyst, multi-tubular reactor, water-
based absorption), with only minor variations in heat integration and reactor design.
However, catalyst enhancement by means of\do ing is a very active art, with numerous
new designs being patented (see appendix 5 for a comparison between different EO

A

catalysts). o S

Based on such commercial factors as the number of plants already built/licensed, number
of plants currently under construction/planned, catalyst quality (selectivity, activity,
lifetime, costs), and reactor design, a Shell/CRI design has been selected as the EO
process for our conceptual design. Shell/CRI are the market leaders in licensed EO
plants. This choice atso has a practical nature - many of the figures known to us apply to
the Shell/CRI desigh.™" ®J Let it again be stressed that at the current time, based on the
available literature, little variation between direct oxidation oxygen-based EO designs can
be found.

2.2. Monoethylene Glycol Process

Globally, some 70% of EQ is converted to ethylene glycols " '. Currently the preferred
method of ethylene glycol production is uncatalyzed thermal hydrolysis of ethylene oxide.
Ethylene oxide absorbed in water is heated to ca,_200 °C, whereby the ethylene oxide is
converted into ethylene glycol. Polyethylene glycols are also produced, but with lower
yields. The yields of polyethylene glycols can be minimized if an excess of water is used,;
a 20 fold molar excessis usually employed. In practice almost 90% of the ethylene oxide
can be converted to monoethylene glycol, the remaining 10% reacts to form higher
monologues ™" 7 P& 199
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H.C—CH: 4+  H,0 p—— -93.1 kJ/mol

o] ﬂg@léz’ua-ﬂr‘—«_‘-—_

B VARSI N no( )

n
n=1,23...
DEG formation: -1.89 kJ/mol

After leaving the reactor, the product mixture is purified by passing it through successive
distillation columns with decreasing pressures. During this process, the large amounts of
water added to enhance selectivity must be evaporated in multi-effect evaporators.

A literature study of the monoethylene glycol process resulted in two alternatives for the
conventional process: a catalytic process and a carbonate progess.

A lot of research is done on a catalytic hydrolysis process in order to optimize selectivity,
since higher selectivity for ethylene oxide hydrolysis automatically reduces the excess of
water required. The higher selectivity could however not be maintained for prolonged
periods of time. Furthermore, the catalyst needs to be separated and fed back into the
reactor in case of heterogeneous catalysis or replaced in case of homogeneous catalysis.

In the carbonate route process ethylene glycol is produced from ethylene oxide (eqn 2.5),
with ethylene carbonate as an intermediate. The ethylene oxide is converted with carbon
di&i{de to ethylene carbonate. This is subjected to hydrolysis to produce ethylene glycol.
.Both reaction steps are catalytic. An anion-exchange resin in the halogen form can be
used for this purpose. Disclosed as being especially suitable is a chloride form anion
exchange resin such as DOWEX MSA-1, which is an anion-exchange resin containing
benzyl- trlmeihyl ammonium groups as electropositive centers 3 A typical lifetime of
such a catalyst is appr0x1mately one year. Also homogeneous catalysts quaternary
ammonium salts, can be applied but because of separation problems heterogeneous
catalysis has practical advantages.

H,C——CH
HG—S & €0, ——» ? \2 -60.8 kJ/mol
e! e R
I

HzC_CHz

/

(@] 0]
N + HO —-——*HO/.\./OH + CO,  -32.2kJ/mol

The two most important selection criteria for the MEG part of the design are selectivity
and the HO/EQ ratio used for hydrolysis. The selectivity is important because the’
ethylene oxide efficiency and thus the ethylene efficiency (ethylene costs are a major part

(@)

@]
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of the OPEX) is an important economic factor, as well as an environmental issue. The
H,O/EO ratio is important because of the large effect it has on the energy requirements of
the separation section (separation of water and ethylene glycol with a multi effect
evaporator). L of

The carbonate route process reaches a conversion of nearly 100% and a sglectivity of
99% or higher, only diethylene glycol (selectivity Ie;é than 1%) is produced. The H,O/EO
ratio is much lower than the other two considered processes, only a one to two-fold - =2,
molar excess is added, as compared to a 20-fold €xcess for the conventional thermal
process and a 5 to 10—fold excess for the catalytic one step hydrolysis. Therefore much
less energy is needed in the MEG purification this process. A comparison between the
options is shown in table 2.1. The carbonate route process scores best on these two

topics and should therefore be considered the process to be used for the further design.
The process is patented by Mitsubishi ***. One (major) drawback of this process,
however, is the fact that it has not been implemented in the industry yet. The process has
been carried out, with success, on a mini-plant scale ",

Table 2.1 MEG process comparison

Process Conversion® | Selectivity | HO:EO | Number of main | Implementation in
molar ratio | components industry
Conventional Thermal nearly 100% 88 % 20 5 Widely employed
Comment: ' MEG, DEG
TEG) H,O
Conventional catalytic' nearly 100% 98 % 10 4 not employed
Comment: EO, MEG,DEG selectivity decreases
H,O rapidly
Carbonate route process nearly 100% 99 % 1:2 6 not employed ye&
Comment: EO, ) _
H,0/CO,)EC
Notes: =i
1. catalyst dependant. Best found values are given here.
2. Single pass conversion
Abbreviations:
EO: Ethylene oxide MEG: Monoethylene glycol TEG: Triethylene glycol
EC: Ethylene carbonate DEG: Diethylene glycol
6
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2.3. Process Concept Selection

Choosing a licensor’s complete design - for example, an integrated Shell/CRI EO/MEG
facility - may seem like the best route to follow. After all, companies such as Shell/CRI,
Scientific Design, and Mitsubishi have each been involved in building tens of EO, MEG,
or integrated EO/MEG plants, and therefore have a wealth of experience in designing,
building, startup, and operation of such plants, and they can guarantee the workability of
a plant. This makes the licensing of such a design very attractive to potential customers.
The conceptual process design, however, is theoretically not hindered by the constraints
of ‘proven design’. This is not to say that the value of ‘proven technology’ is ignored,
only that our design is not required to be a complete license from one licensor.
Furthermore, the guidelines as laid out in the basis of design (chapter 3) must be
followed. On the other hand, a design concept must be realistic and commercially viable.
Therefore, a balance must be found between state of the art technology, novel
technology, proven design/technology, and commercial interests.

Our selection process, based on different variations and coi‘h_bmf'r&(ls of a Shell/CRI EO
reactor and a Mitsubishi MEG design, is illustrated in figure 2.1.

Scheme 1 reflects the most conservative design. A complete Shell/CRI ethylene oxide L
process, with water as absorbent, is followed by a complete Mitsubishi process. This
involves splitting of the pure EO stream leaving the Shell/CRI plant in 1/2 for sales and
1/2 for MEG production. Naturally, extensive heat integration between the two
processes is possible in this design. . s

However, the Mitsubishi process is based on the unrefined reactor effluent of an EQ
process. The absorbinﬁgld stripping of EO in the Shell process is thus followed by
reabsorbtion in the MEG plant, albeit in a different absorbent. The absorption is
therefore redundant, although this does have the advantage that catalyst pollution, if it is
fa factor, can be reduced. The unwanted production of low quality ethylene glycols due
to the use of water as absorbent is not avoided in this scheme.. The Halcon Company has
patented such a design **°. However; several mcze;elegant schemes are possible.

[N Lo z

Scheme 2 involves splitting the EO reactor effluent gas into approximately 1/2 for EO
production and 1/2 for MEG progluction. The EO production train is ‘standard’
Shell/CRI design, and the MEG production is standard Mitsubishi design. However, this
design contains 2 recycles to ;gf EO reactor, since 2 absorbers, with 2 different
absorbents, are now operating®parallel. This makes control of the reactor feed, cr|t|caI
because of explosive and flammability dangers, very difficult.

Again, the use of water as an absorbent has the disadvantage that low quality ethylene
glycols are produced, but a v |at|0\\ofthls scheme involying propylene carbonate in the
Shell/CRI EO absorption traﬁf“f ' is a possibility. Propylene carbonate may be better
suited for the requirements than an EC/MEG mixture, but it cannot be used as feed to the
MEG plant — the separation of propylene carbonate and ethylepé carbonate would be
necessary. Besides, feeding propylene carbonate into an ethylene carbonate production
unit, or introducing it solely as absorbent for an EO section, is not very logical. 3
Absorption of EO in EC/MEG is described in a patent to the Dow Chemical C8 """,

The third scheme is the most preferable. In this design, the whole effluent of the
Shell/CRI EO reactor is fed directly to the Mitsubishi absorber, as intended in the
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Mitsubishi design. The top stream of the absorber is recycled to the EO reactor, the
bottom stream is split into a feed for the MEG process, and a stream which is stripped
and processed to sales specification ethylene oxide. One absorber, with EC/MEG
absorbent, is used as basis for both trains. The use of solely EC as absorbent is also
described in patents s “’,)};t the major drawback of this is the high melting point of EC.
By using a mixture of EC and MEG this problem is avoided. A 1/1 mass based mixture at
standard pressure is still liquid ™" %,

The heating and cooling of the large amounts of water as in the classical processes is not
necessary in this design - much less absorbent, with a lower heat capacity (water: 4.18 J/g
K, MEG/EC: 2.01 J/g K) so that less heat per unit is required, may be used. This design
also eliminates a high-content ethylene oxide stream, the feed to the MEG plant, which is
very advantageous to process safety. Furthermore, equipment costs are lower, since only
ane absorber is required. The production of anti-freeze grade MEG is eliminated, vs. a
substantial loss in the other schemes. '
Scheme 3 takes full advantage of the experience of Shell/CRI in the EO design and the
advantages of the Mitsubishi MEG design, while minimizing costs and wastes, enhancing
operational safety, and maximizing reliability.

In table 2.2 a comparison of the different process schemes is presented. This takes into
account that the EO part is based on Shell/CRI design and the MEG part is based o
Mitsubishi design. '

Table 2.2. Comparison of process options

Process Complete | High High Low Little Low
license Energy Selectivity | Capital | anti-freeze | absorbent
benefits efficiency | cost MEG amounts

Scheme 1 ++ - - - -- -

Scheme 2 +— - + + - +

Scheme 3 w . ) ++ ++ ++, s ++

8
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Shell EO Reactor

Mitsubishi MEG
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3. Basis

of Design

The capacity of the plant is based on a production of 200,000 t/a of fiber-grade MEG and
100,000 t/a of sales specification EO. The plant is based on a typical U.S. Gulf Coast

location. The duration of operation per year is set at 8000 hours/year. These design
demands are set by Stork E&C.

The process is to be based on the best available technology. EO production must be

Seone. Voot Lofe 2

based on direct oxidation with oxygen over a multi-tubular catalytic reactor, and
integrated with a MEG plant based on the hydrolysis of EO. Deliverables include a utility
summary, PFD’s with heat and material balances, equipment listzsﬁmd'@'fheets of main

equipment. An Aspen model and cost price calculations are alsq desired. /

hazard- and

fire and explosion analysis is also included. Product specifications are included in table

o degeccted .

3.1

Appendix 1 shows a simplified scheme of the plant. This scheme defines what’s inside the
battery limit. All in- and outgoing streams pass the battery limit. The feed stock (ethylene,
oxygen, methane, water) and utilities (HP steam, cooling and chilled water) are provided

by a pipeline from OSBL. The entering water is demineralized, which assumes a
demineralization unit outside the battery limit. A chilled water and cooling water facility

is also assumed to be available OSBL. The treatment of purge streams is considered

outside the battery limit as well as the treatment and storage of the products for further

transportation.

The carbon dioxide removal is not considered in this design, and has been included as a

black box in all PFD’s, named C102.

Table 3.1 Product and feedstock specifications

LN

Components Temperature Pressure Quantity State WJ X Prices
e & bar t/a (V/L/S) Y, US$/t

Feedstock

Ethylene Ambient 25 193,198 | V pipeline OSBL 520

Oxygen Ambient 25 184,584 [ V pipeline OSBL 50
Products a) ")

EO Ambient I 103,808 | L - /1,080

MEG Ambient A1 J - 205328 | L = 650
By-products ) o

DEG Ambient -~ 1332 | L - = 551

CO, Ambient - 75248 | V - =
Other Chemicals

Methane Ambient 25 11,592 | V pipeline OSBL / 120

Water Ambient 5 65,143 | L unit OSBL 2.5
Catalysts Composition Quantity .| Lifetime Prices
EO-catalyst silver on alumina 126 M’By.f%lt:m# 3 years \ L/ 37,730
MEG catalyst an alkyl ammonium salt 327 M’/a /| resin on/ | I year /) 1 l,76-§

spherical. 5z US$/m
¥ ) / plf]mﬁclcs %
//
/'f£‘w,,< \“"E) « Q
\ g f e
10
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2,3 and 4._

(Funher%ﬁcations of the feedstock, products, byproducts etc. are given in appendices

Table 3.2 Pure component properties

Pure component properties

Component name Technological data Medical

data
Design Systematic Formula | Mol. Boiling | Melting | Density of | MAC value

Weight | point' point' liquid®
g/mol °C °C kg/m’ mg/m’
Acetaldehyde | Acetaldehyde C,HO | 44.05 20.8 -121 783 '8 100
Acetic acid Ethanoic acid | C,H40, | 60.05 117.97" [ 16.6 104 N.A.
Acetylene Ethyne C,H, 26.04 -84 81.8 620 * N.A.
Argon v | Argon Ar 39.94 | -1857 [ -189.2 1400 “'*° N.A.
Carbon dioxide ¢{ Carbon dioxide | CO, 44.01 | -78.54" | -56.65° | 1101 9000
Carbon Carbon CcO 28.01 -191.3 -207 793 29
monoxide monoxide
Chlorine Chlorine Cl, 70.9 -34.6 -100.98 3
Diethylene 2,2°- CsH,00; | 106.14 | 2458 -10.4 1119 " N.A
glycol oxybisethanol
Ethane Ethane C,Hs 30.08 -88.6 -172 5729 N.A
Ethylene Ethene C,H, 28.05 -103.7 | -1.69 567 N.A.
Ethylene ,_ ) Ethylene C:HO; (8806 |[248 (|39 ) 1321 N.A.
carbonalc{“c- carbonate ==
Mono ct?xlegea 1,2-ethanediol | C,Hs0, | 62.07 197.3 -13 1108 % 26
glycol (/=
Ethylene oxide | 1,2-ethane C,H.O | 44.05 10.6 -111.7 382 1 90
£O0 epoxide
Formaldehyde | Methanal CH,O | 303 21 -92 815 % 1.5%
Hydrogen Hydrogen H, 2.02 -252.8 -259.18 N.A.
Hydrogen Hydrogen H,S 34.08 -60.4 -85.5 1539° 15
sulfide sulfide
Methane Methane CH,4 16.05 -161.5 | -182.4 466 "'* N.A.
Methanol Methanol CHO |[32.04 [6526° |-93.9 791 % 260
Nitrogen Nitrogen N, 2802 [-1958 | -210 808 > N.A.
Oxygen Oxygen 0, 32 -183 -218.4 1149 % N.A.
Propylene 4,methyl-1,3- CsHsO5 | 102.09 | 24.2 -48.8 1207 % N.A.
carbonate dioxolane-2-one
Triethylene 2,2’(1,2-cthane CeH,40,4 | 150.2 285 -7 1127 % N.A.
diylbis(oxy))

gly col bisethanol
Water L | Water H,O 18.02 100 0 1000 * N.A.
Notes:
1. At lbar
2. Superscript refers to the reference temperature (°C) at which density is measured.
3. Oral in g. for a male of 70 kg weight
4. Meltingpoint measured at 5.2 atm.
5. Sublimation point
6. Boiling point measured at 73 mm Hg
7. Boiling point measured at 10 mm Hg
8. MAC value in a mixture of 37 % water and 10% methanol

11
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4. Thermodynamic Properties

Thermodynamic models that describe reality as accurately as possible are highly desirable,
yet do not exist. If parameters for the models, based on experimental work, are available,
model results may be good approximations of reality, but when experimental data is not
available, or limited in its applicability, the choice becomes more difficult.

Initially, NRTL for the liquid activity coefficient calculations, combined with the equation
of state model Redlich-Kwong for vapor phase calculations, was selected to model the
required thermodynamic properties. -

This model was expected to adequately model both the solubility of gases in absorbent, as
well as the separation in the purification sections. This was found to be true for water as
absorbent, but in the more polar MEG/EC absorbent mixture, the modeled solublllty of
gases, especially ethylene, was much to high in companson with data from various
sources (i.e. 7% was modeled versus 0-4% described in literature). The reason for this is
because NRTL parameters are preferably retrieved from the experimental values as
presented in Dechema databanks. In these databanks, most interaction parameters with
water are available, but unfortunately no data on interaction with the EC/MEG absorbent
mixture. Therefore, NRTL parameters are estimated with the UNIFAC group
contribution method, resulting in inadequate modeling of the absorptlon of gases in the
absorbent.

The Redlich-Kwong-Aspen model was eventually selected because it most adequately
modeled the'solubility of gases in MEG/EC absorbent.

A number of comparisons on which the model choice is based are listed below. The
comparisons given first were valued the most, later comparisons are believed to be less
applicable, valuable, or verifiable.

Data for the solubility of CHs, CO at elevated temperatures and pressures in
MEG are available from Zheng et(ﬂ 12 3nd was used to validate the RK-Aspen model.

The model was found to very accurately descnbe data, as confirmed by Zheng Zheng %z

claims Soave-Redlich-Kwong discrepancies to be 2.10 % for CH/MEG, 2.04% for
No/MEG, and 5.95% for CO,/MEG. The simulations in Aspen agree to a large extend
with these result. "

The Musu_blsm_paten@))descnbes the solubility of EO in propylene carbonate and EC.
Other gases (notably ethylene) are said not to dissolve in these absorbents. When
modeling EO solubility in EC in Aspen, both the FMM models appear
to approximate the experimental data. However, since MEG is not included in the
experiments, this data is of limited value.

Tsang and Ainsworth, describe in US Patent 4221727 " to the Dow Chemical Co. the
use of EC as absorbent for EO reactor gas. This patent confirms the absorption of
approximately 4-5 mol%' CO,. In addition, the inventors claim “little or no ethyl
nitrogen, and oxygen were absorbed”. In contradiction to this, patent EP 13376
amongst other sources, doubts the ethylene absorption claimed by Tsang. Furthermore
the EO/MEG process described in this conceptual design makes use of an EC/MEG
absorbent mixture instead of solely EC, hence this data is of limited value.

rel")

12
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These comparisons justify the choice of the RK-Aspen model for this model, when

employed it shows that IW of the ethylene is absorbed.

For reference, table 4.1 show the results of the primary EO absorber (C101), in which the
EO reactor gas is contacted with an EC/MEG absorbent stream, as produced by the
Aspen simulation. These results are reasonably consistent with the discussion above.
However, the validity of this model in V-V and V-L, where L = H,O, should be further
researched for a more detailed design The impact of possible discrepancies is expected to

be minor.

Table 4.1, primary EO ahsorbcr r ; N,

Component n Percentage absdrbed Concentration in rich absorbent
THmol%) Sesiew Con (Mol%) s £lgcild {Musi

EO 99.9 38 o slelneiiin floas

Ethylene 0.71 0.4

Methane 0.19 3.0

Oxygen 0.15 167 PPM

Argon 0.17 32 PPM

CO; 3.78 0.5

Water 90.38 19.7

In conclusion, it is believed that the solubility of EO reactor gas in EC/MEG absorbent,
the most important feature of our design, is reasonably modeled, and the thermodynamic
model is adequate for the complete design simulations.

13
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5. Process Structure and Description

Appendix 1 includes a graphical overview of the process, and process flow schemes for
each of the sections, as defined below:

e Section 100 : Ethylene oxide (EO) production

e Section 200 : Monoethylene glycol (MEG) production

e Section 300 : MEG purification

e Section 400 : EO purification
The following chapter describes each of the units in the process, and the process as a
whole.

5.1. Ethylene Oxide Production (Section 100)__

Ethylene from OSBL is mixed into the loop gas, and/methane is added as ballast in order
to replenish the loss to the purge. An amount of oxygen-based on the relative selectivity
and activity of the EO catalyst is injected in the mixing station. Oxygen is added as the
last component, so as to keep oxygen concentration as low as possible. A small amount
of methylene chloride (not shown) must also be added as promoter.

The reactor feed gas is heated by exchange with the hot reactor effluent, and passed to
the EO reactor. In the reactor the gasses are heated to reaction 1 temperature with
Wam of the reaction section of the reactor. The reaction heat is femoved by
generating steam. After Ieaving the reaction section the gasses should be cooled directly

to minimize EO decomposition. The EO reactor is described in detail i 1_n chapter 8. )

After being cooled in heat exchangers E101 and E104 which are mtegrated with the
reactor R101, the gas is counter-currently contacted with absorbent mary EO
absorber. The EO is completely absorbed in the absorbent. Most of the scrubbed loop
gas is cycled back to the reactor, approximately 7% is passed to the carbon dioxide
removal unit. A small part is purged to prevent the build-up of impurities, notably argon.

Carbon dioxide removal is carried out in black box C102, where water and carbon
dioxide are removed with 95% efficiency. The CO, removal system possibly removes
CO, by contacting the lean cycle gas with a hot potassium carbonate solution, in which
L - 2
the carbonate is converted to potassium bicarbonate by reaction with CO,. The CO,-rich
solution is then regenerated using stripping steam. Although mono-ethanol amine (MEA)
is a more commonly used and better absorbent for CO, removal systems it cannot be used
in the EO/MEG design. EO reacts easily with MEA to form polymers, thus MEA is
unsuitable as an absorbent because of the always present trace amounts of EO in the loop
gas with which it would react.
The carbon dioxid@unit also scrubs loop gas and carbon dioxide stripped from the
absorbent l@lts Specifically, loop gas is recovered from the secondary EO
absorber, and is recovered after each of the three reactors in the MEG production
section. The carbon dioxide recovered is fed to the MEG reaction sectlon (section 200).
The CO,-lean gas is returned to the bulk of the cycle gas.

14
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Before the ethylene, oxygen, and methane are added to the loop gas, it is brought back to
pressure in the loop gas compressor.

Aetonsen '
Absorbent is ga.bl-reﬁd from the two EO strippers from the EO purification (section 400)
and from the MEG production section (section 300). A small amount of unpurified MEG
is added from section 300, in order to preserve the composition of the absorbent. Let it
again be clear that an approximately 1/1 mixture EC/MEG is necessary to prevent
sqlidifying of absorbent plugging pipes, pumps, etc. The absorbent is first heat
ex?ﬁﬁged with the MEG reaction feed (E201), then cooled and chilled by the absorbent
coolers (E105a and E105b), and fed to the top of the packed absorber.
The rich absorbent is split into a feed stream for the MEG reaction section and the EO
purification section.

5.2. MEG Reaction Section (Section 200)

The rich absorbent feed from section 100 is brought to higher pressure so as to enable
more CO; to dissolve in the stream. Before being fed to the EC reactor, the stream is
heated to reaction temperature by exchange with the absorbent stream <126>. Carbon
dioxide recovered in the CO, unit is fed in shots to the reactor, which is explained in
more detail in chapter 8. A 1.2 molar excess of CO, to EO is used. The excess is
removed in a flash vessel, together with any other loop gas components absorbed in the
primary absorber (C101). The vapor stream is returned to section 100; the liquid stream
is split (1:10) into an absorbent stream and a smaller stream for the conversion to MEG.

A small part of the EC/MEG absorbent stream <206>, which contains little or no EO or
other gases, is sent to section 400 for use in the secondary EO absorber. The major part
of the stream is returned to the primary EO absorber in section 100. 23

Water is added to the remaifﬁng EC/MEG stream <208> and heated to rea_g;ti/on o mdl
temperature. In the hyd,rt?lysis reactors, two of which are placed in series,’CO; is reliene

mwpaﬁdfand removed in the top of the fixed bed reactors with the use of chimney trays.

The liquid residence’time is approximately 60 minutes. Each of the hydrolysis reactors is
followed by a condensation vessel (S202 and S301) for the vapor stream, from which
MEG and, for in the first drum, MEG and EC are recovered. The liquid stream from
these vessels is returned to the major MEG ﬂow Vapor streams are returned to the
carbon dioxide unit in section 100.

5.3. MEG Purification Section (Section 300)

The crude MEG stream,/polluted by water and DEG, is purified in section 300 in two
vacuum columns. The water refmoval column (C301) separates water, aldehydes, and any
carbon dioxide from the MEG/DEG stream, at a pressure of 0.1 bar. At this point a part
of the MEG/DEG stream is split off and added to the bulk of the absorbent stream.

The MEG purification column (C302) operates at a pressure of 0.09 bar, splitting a
purified MEG stream over the top and a DEG stream over the bottom. The MEG is
condensed and sold as fiber-grade MEG. The DEG stream contains substantial amounts
of EC and MEG, and is not further purified.

15
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5.4. EO Purification Section (Section 400) 0'40‘}

The rich absorbent stream from C101 is thermally stripped, and compr?éed in two stages
to 10 bar. It is subsequently reabsorbed in the secondary EO absorber] which draws lean
absorbent from section 200. Gas leaving the top of this packed absorber is recycled to
the carbon dioxide removal unit in section 100. The rich absorbent is again thermally
stripped, this time at reduced pressure, with the recovered absorbent being added to the
bulk absorbent stream.

The EO- and CO,-rich vapor stream, after being pressurized in a multi-stage compressor,
is partially condensed with cooling water, and fed to the light-end separation column
(C405). A liquid EO stream containing trace amounts of CO; is withdrawn over the
bottom, and a CO,/EO stream is recycled to the secondary EO absorber. The carbon
dioxide fraction in this recycle loop approaches 10%, the EO fraction is approximately
87%. The recycle ratio is approximately 3.7. Reducing this ratio would require more
refluxing over the light-end separator (C405) and is not economically preferable.

The raw EO is subsequently passed through the }igavy ends separatoz‘)(C404). Heavy
ends are withdrawn over the bottom, and sales spe&iﬁ'catien-EO"ié', after condensation,
produced. /

-~

5.5. Heat Integration

Heat integration of the EO/MEG process is done by means of exchanging some streams

against each other and by steam generation and distribution. Most of the heat produced,

1s produced in the EO reactor. The heat removed in this reactor is of the highest quality in q
this design. The removal of this heat has to be carried out with the generation of steam.

From a safety point of view it would be highly undesirable to lead another process stream
through the reactor to remove the heat from the reaction stream. The generated steam )
will be used somewhere else in the process. Direct heat.integr_z_l_tﬂi_(_)_rlnligt_\_yp;g} | streams is

therefore limited to some places in the procmow.
N~ _

5.5.1. Heat integration between streams

 Feed[TPaed.
Heat integration is not directly implemented in the Aspen flow sheet design except for
exchanger E101.Tn Aspen, heat loss or gain of streams is modeled with basic heat
exchangers using cold and hot utility to dissipate heat to and gain heat from. In order to
integrate heat afterwards a cascade diagram is presented in figure 5.1. Direct heat
integration between streams is determined by the heat quality of the streams. The
temperature of a stream determines its heat quality; higher temperatures for hot streams
and lower temperatures for cold streams result in higher heat qualities. As can be seen,
many low temperature hot streams are available. Extensive heat integration is therefore
not possible, simply because there is a lot of ener; lose from those low temperature
hot streams and nowhere to lose it but in{ cold utility,Large amounts of cooling and
chilled water-are_thus a necessity increasing the operating costs.
Also iMdemonstrated that heat exchange between reactor feed <106> and
reacto <110> in exchanger E101 is possible as well as between the main
absorbent stream <126> and the carbonate reactor feed <201> in exchanger E201.

16
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Because cooling of <110> and <126> is not sufficient, additional coolers are installed
(E104 (cooling water), and E105a (cooling water) and E105b (chilled water)
respectively). Implementing the exchangers E101 and E201 in the design reduces the
necessary amounts of hot and cold utility substantially. Although some integration
between streams in different units of the process is still possible this is not done because
the amount of heat transferable is not of substantial influence on the amount of cold and
hot utility necessary.

5.5.2. Steam generation and distribution

Three units in the process generate heat of high enough quality to generate steam (see
table 5.1).

The EO reactor, in which highly exothermic reactions occurs, generates an amount of
193.05 GJ/hr. The outlet temperature of the reaction section £4 0 °C.|Therefore HPS is
generated with the heat generated in this section. N

Heat exchanger (E103) is part of the EO reactor (R101) and is meant to cool the effluent
of the reaction section in order to prevent isomerization to acetaldehyde. The reactor
effluent is cooled from 240 °C to 180 °C, while medium pressure steam is being
generated.

In E304, the condenser of distillation column C302, operating at a temperature of 130
°C, LPS is generated.

b

Table 5.1 Steam gcncrating units

Name .| Unit |HeatDuty [ Steam [ Steam Mass flow | Steam
| Gl/hr Temperature | kg/hr Pressure
°C bar
EO Reactor R101 -193.05 | HPS 230 106557 27.6
Heat exchanger | E103 -106.38 | MPS 160 51117 13-
Condenser C302 | E304 -32.20 | LPS 120 14621 /1.9

e LS

In table 5.2 the units that require HPS for heating are listed.

E303, the reboiler of column C302, is operated at a temperature of 164 °C, thus HPS is
needed to heat the reboiler. &7

E102, the feed preheater, which is part of the EO reactor, heats the reaction section inlet
with the HPS generated in the reaction section. The reboiler of C401 (E401) is the third
unit that requires HPS for heating. Unfortunately, the EO reactor (R101) doesn’t
generate enough steam to operate all HPS consuming equipment. Therefore additional
HPS is acquired from outside the battery limit.

Table 5.2 HPS requirecment

Name Unit Heat Duty GJ/hr Steam mass flow
kg/hr
Reboiler C302 E303 ¢~ 32.00 17663
Feed preheater E102.- 184.64 101918
Reboiler C401 E401 4 107.3 59226
Total 178807
19



STORK

Confidential 5 - Process Structure and Description

The majority of the heat requiring units are operating in a temperature range of 100 °C to
150 © C, for these units MPS is used to provide their heat requirement. Table 5.3
provides a list of these units. The total amount of MPS generated in E103 is more than
sufficient and therefore an amount of 34840 kg/hr MPS is leftover. This MPS is

elsewhere upgraded to HPS.

-
Table 5.3/ @cqui

rement
Name “~—~ | Unit Heat Duty | Steam mass flow
e Gl/hr | kg/hr
Reboiler C301 E301 12.6 6054
Reboiler C404 E406 7.3 3512
Exchanger 202 E202 12.5 6008
Exchanger 203 E203 1.5 703
Total 16277

The LPS generated in E403, the condenser of distillation column C302, is used in E405,
the reboiler of the secondary EO stripper C403, and in E410, the reboiler of light end

separator C405. The LPS requirements are shown in table 5.4

Table 5.4 LPS requirement

Name Unit Heat Duty | Steam mass flow
GJ/hr kg/hr

Reboiler C403 E405 18.00 8173

Reboiler C405 E410 5.7 2588

Total 10761

Again, 3860 kg/hr of LPS is leftover. This is elsewhere upgraded to HPS and used in the

process.

An overall view of the steam distribution of the EOI’MEG,.-brocess is given in figure 5.3.
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5.5.3. Cooling requirements

Most of the units that require cooling are cooled to a temperature of 43 °C. This is the
minimal temperature that can be accomplished with the use of cooling water. Some
streams require cooling to lower temperatures. For this purpose chilled water is required.
Cooling water is provided at a temperature of 33 °C. Chilled water is provided at a
temperature of 4 °C. Both cooling and chilled water are obtained from outside the battery
limit. In table 5.5 the units that require cooling, by means of cooling or chilled water are

shown.
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S202 -0.80 133 100 33 43 CwW
S301 -0.54 132/125 | 125 33 43 CW
E104 -106.79 | 110 43 33 43 CW
E105a -40.82 43 20 4 10 CHW
E105b -194.305 | 117 43 33 43 CW
E302 -15.89 14 14 4 10 CHW
E402 -1.95 134 43 33 43 CWwW
E403 -16.69 131 43 33 43 CW
E404 -4.89 100 43 33 43 CwW
E407 -8.28 29 29 4 10 CHW
E408 -2.68 138 57 33 43 CwW
E409 -14.89 108 43 33 43 CW
CW = Cooling water, CHW = Chilled water
22
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6. Process Control

In this chapter the concepts of process control in the EO/MEG plant design are outlined.
For every unit operation some basic process parameters will be controlled to provide
safe and normal operation (in the steady state). Since the performance of the EO reactor
and the feed mixing is of the utmost importance for a safe process operation, some
additional process control is implemented for this purpose. Some aspects of the process
control will be described in more detail below. The process control loops are shown in
the PFD (appendix 1).

6.1. EO Reactor and Cooling

The cooling of the reactor is controlled by measuring the temperature in the
corresponding reactor section and controlling the steam pressure. In other words: if the
temperature of the reactor raises the pressure of the steam is lowered, allowing heat to be
removed faster. The inflow of boiler feed water is controlled by a liquid level controller,
which measures the liquid level in the steam drum. This cooling mechanism is a very
important part of the reactor operation, because of the highly exothermic reaction. If the
heat of reaction cannot be removed surely a thermal runaway will definitely occur, with
disastrous consequences.

For safety reasons ‘emergency control’ is necessary for the temperature of the reaction
section. When the temperature of the reaction stream exceeds an upper limit, the
emergency valve will open. The feed and the contents of the reactor (by pressure relieve)
will be led to the flare. The ethylene, methane, and oxygen feeds will be closed and
nitrogen gas will be fed to the system at the end of the reactor to empty the system
(reactor and recycle loop) of the dangerous reaction medium. This because a stagnant EQ
containing gas presents a serious hazard (decomposition of EO resulting in hot spots and
a local runaway). In case this emergency system interferes with other controllers, override
control is used with a high selection switch. This high selection switch is switching from
normal control action to ‘emergency control action’ and attempt to prevent a process
variable from exceeding an allowable upper limit.

6.2. Carbonate Reactor

The EO feed and the CO, feed to the carbonate reactor are controlled with ratio control
so the two feeds are added in stoichiometric amounts. The liquid level is controlled by the
bottom stream. To prevent the creation of large vapor phase a pressure controller in the
top of the reactor also controls the CO; feed. Under normal operation the ratio controller
controls the CO, feed of which most will dissolve in the liquid phase. Only when
insufficient dissolving takes place the pressure controller prevents the formation of a large
vapor phase.
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6.3. MEG Reactors

The liquid levels on the chimney trays are kept constant, in order to maintain sufficient
residence time for gasses to escape the liquid phase, by a controller that controls the
liquid effluent of the reactors. The pressure is controlled by the overhead vapor flow.

6.4. Absorbers

For the absorbers to work properly the ratio between the absorbent stream and the feed,
with the components to be absorbed, has to be kept constant. For this purpose ratio
control is applied between both streams. The liquid level in the absorber is controlled by
the flow of the bottom stream, to prevent a liquid build-up in the absorber. The pressure
is controlled by the flow of the overhead stream.

6.5. Strippers

The strippers used are all thermal. In order to operate them properly the temperature in
the column is controlled by the steam flow through the boiler. The liquid level is
controlled by the flow of the bottom stream withdrawn. The pressure in the stripper is
controlled by the flow of the overhead stream.

6.6. Distillation Columns

The liquid level inside the column is controlled by the flow of the bottom stream, and the
pressure in the distillation column is controlled by the stream of coolant through the
condenser. The temperature in the column is controlled by the steam flow through the
boiler. The reflux ratio is controlled with a flow controller in the reflux stream. The liquid
level in the knock out vessel is controlled by the condensed top stream of the distillation
column. In case of non-total condensation a pressure controller coupled with the vapor
flow or vacuum pump controls the pressure.

6.7. Flash-Vessels and V/L Separators

In these vessels the liquid levels are controlled by the liquid bottom streams and the
pressure is controlled with the overhead vapor stream. In the case that heat-coils are
present (for instance S201 and S202), the temperature of the vessel is controlled with the
flow of the coolant medium.

6.8. Mixing Points and Splits

Mixing points and split points of streams are mostly controlled with ratio control. The
mixing points for the fresh feeds of the EO reactor have an additional override control for
safety reasons. An analysis controller controls the flow of fresh oxygen, because the
oxygen concentration is important for the safety of the operation. If reactor influent
exceeds its limits the reaction mixture will become more dangerous. Furthermore this
analysis controller will also measure the concentration EO. Also it is most important for
safety reasons that the build up of EO in the reactor feed is as low as possible to prevent
the effluent to exceed the explosion limits (see also chapter 10).
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~

7. Mass and Enthalpy Balances,

Mass and enthalpy balances are calculated pn’"Basis of flow sheet simulations conducted
with Aspen Plus. No major discrepancies were found; the causes of minor discrepancies
are noted in the relevant sections. :
Table 7.1 reflects the component/mole and@alances Mass balances over each of
the sections of the process are subsequently presented, 1ncludmg overall mass balance.
Enthalpy balances are presented in a similar fashion in chapter ' 2

7.1. Mass Balances

Table 7.1 Component Md mass balances

Conventional Componenl{s (kmol/hr) ) In Out Production  Relative Diff.

Eo 0\ s 0 295 295 -1.03E-05,
MEG 0 414 414 -1.13E-04
ETHYLENE 860.836 30 -831 6.22E-08
WATER :5‘5 294 -179 -4.71E-02
METHANE 903211 90 0o 2.00E-03}
OXYGEN 71 éZB? 7 712 -2.99E-04
ARGON 1‘&1 865 1 0 1.58E-03
EC - 0 0 -387E-02
CO; ; 45 692 237 -9.81E-07
DEG d 2 2 -1.92E-05
ACETALDEHYDES 0 0 0 -2.66E-05

__“-—.\‘.\

Conventional Ccnmpc:nentls'r (kgthr) In Qut Production  Relative Diff.

EO \ A 12975 12975 -1.32E-01
MEG - 25726 25723 -2.92E+00
ETHYLENE | 24146498 829 23318 -2.52E-02
WATER - 8145134 /5304 3225 -3.84E+02
METHANE 1449553655 [ N 0 290E+00)
OXYGEN i 239131 84 233 | -22791 -6.87E+00
ARGON 5&]660881 57\ 0 8.95E-02
EC - 10 | 9 -3.73E-01
CO; 20024155 30462 "\ 10437 -4.40E-02
DEG | 0 190 \Il 190 -4.25E-03
ACETALDEHYDES ] 0 0 “,‘ 0 -2.64E-06
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7.1.1. Section 100 - EO Reaction Section
Mass stream in Stream Flow (kg/hr)| Mass stream out Stream Flow (kg/hr)
number number
Ethylene feed 101 24150, CO2 purge 131 9406
Methane feed 102 1449| CO2 to MEG reaction section 202 20024
Oxygen feed 103 23073 Woater purge 132 851
Loop gas from EO purification 421 3337 Argon purge 118 3032
CO2 from MEG purification 312 9732 EO to MEG reaction section 201 675184
CO2 from MEG reaction 220 9541| EO to EO purification 401 473088
CO2 from MEG reaction 207 1916 1181586
Absorbent from MEG reaction 128 583963
Absorbent from MEG purification 310 28032
Absorbent from primary EO stripper 414 456295 Discrepancy (kg/hr): 4
Absorbent from secondary EO stripper 420 40094
1181582
7.1.2. Section 200 - MEG Reaction Section
Mass stream in Stream Flow (kg/hr)| Mass stream out Stream Flow (kg/hr)
number number
Reaction water 223 8143| CO2 to EO reaction section 207 1916
CO2 from EO reaction section 202 20025| CO2 to EO reaction section 220 9541
EO feed from reaction section 201 675184| V-effluent to MEG purification 222 9777
703351| L-effluent to MEG purification 221 58154
Absorbent to EO reaction section 128 583963
Absorbent to EO purification section 422 40000
703351
I Discrepancy (kg/hr): 0
7.1.3. Section 300 - MEG Purification Section
Mass stream in Stream Flow (kg/hr)| Mass stream out Stream Flow (kg/hr)
number number
V-effluent from MEG purification 222 9777| CO2to EO reaction section 312 9732
L-effluent from MEG purification 221 58154| Water / aldehydes (V) 308 1152
67931] Water / aldehydes (L) 313 3139
Purified MEG 304 25666
Heavy components 309 210
Absorbent to EO reaction section 310 28032
67931
I Discrepancy (kg/hr): 0
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7.1.4. Section 400 - EO Purification Section
Mass stream in Stream Flow (kg/hr)] Mass stream out Stream Flow (kg/hr)
number number

EO from EO reaction section 401 473088| Loop gas to EO reaction section 421 3337,
IAbsorbent from MEG reaction section 422 40000, Purified EO 419 12976,
513088 Heavy components 418 387
Absorbent to EO reaction section 420 40084
Absorbent to EO reaction section 414 456295
513088

Discrepancy (kg/hr):

7.1.5. Overall Mass Balance

Mass stream in Stream Flow (kg/hr)] Mass stream out Stream Flow (kg/hr)
number number
Ethylene feed 101 24150 Argon purge 118 3032 Jo3%
Methane feed 102 1449 Water purge 132 851 oY
Oxygen feed 103 23073 Water / aldehydes (L) 313 3139 >'33
Water 223 8143| Water / aldehydes (V) 308 1159 15 &
56815 MEG (purified) 304 25666 23646
Heavy components 309 210 10
EO (purified) 419 12978 1293 &
Heavy components 418 387 o 7
CO2 purge 131 94068 gue &
56819
I Discrepancy (kg/hr): 4

The 3.9 kg/hour discrepancy the balance over section 100 and in the overall mass balance
is due to the tolerance set during Aspen simulation. This tolerance was set at 0.0001.
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7.2. Enthalpy Balances
7.2.1. Section 100 - EO Reaction Section
Stream in Stream number Flow (GJ/hr)| Stream out Stream number Flow (GJ/hr)
Ethylene feed 101 443 CO2 purge 131 ()
Methane feed 102 -6.8| CO2 to MEG reaction section 202 -176.7,
Oxygen feed 103 -0.1] Water purge 132 (%) -97.7
Loop gas from EO purification 421 -18.2| Argon purge 118 -9.4
CO2 from MEG purification 312 -87.4 EO to MEG reaction section 201 -4877.3
CO2 from MEG reaction 220 -85.9] EO to EO purification 401 -3417.4
CO2 from MEG reaction 207 -9.6 —857§.G
Absorbent from MEG reaction 128 -4212.6
Absorbent from MEG purification 310 -199.2
Absorbent from primary EO stripper 414 -3268.8 Stream difference 443.5 GJ/hr
Absorbent from secondary EO stripper 420 -290.8 Units -440.6 GJ/hr
-8135.1 Discrepancy 2.8 GJ/ihr
Correction R101 - :_g?
Unit Duty: (kW) (GJ/hr) Corrected discrepancy 01 /
R101 -193.1 /
K101 3058.6 11.0
K102 745.4 2.8
K103 2869 1.0/ (*) <131>and <132> combined in Aspen
P101 33186 1.2
P102 13.8 0.0
E102 184.6
E103 -106.4|
E104 -106.8
E105a & E105b -141.3
E201 -939
ci01 0.0 0.0
Cc102 0.0 0.0
Sum -440.6

Duty over the EO reactor (R101) is inconsistent with stream enthalpies due to heat of
reaction specification, resulting in the major part (2.8 GJ/hr) of the above discrepancy.
When the heats of reaction are specified in Aspen, these will be used to calculate the heat
duty of the reactor, but stream enthalpies are always based on the elemental enthalpv ((

reference state.
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7.2.2. Section 200 - MEG Reaction Section

Stream in Stream number
Reaction water 223
CO2 from EO reaction section 202
EO feed from reaction section 201
Unit Duty : (kW)
P201 2571
P202 0.1
P203 2.1
E201
E202
E203
5201
5202

Sum

Flow (GJ/hr)|Stream out

Stream number Flow (GJ/hr)

-129.1 |CO2 to EO reaction section 207 -9.6
-176.7 |CO2 to EO reaction section 220 -85.9
-4877.3 |V-effluent to MEG purification 222 -87.6
-5183.1 |L-effluent to MEG purification 221 -442.5
Absorbent to EO reaction section 128 -4212.6
Absorbent to EO purification section 422 -288.6
-5126.8
(GJ/hr)
0.9
0.0 Stream difference -56.3 GJ/hr
0.0 Units 58.8 GJ/hr
94.0 Discrepancy 2_.5 GJ/hr
125 —> Correction R201 C 24 GJEBr
15 Corrected discrepancy 0.1 GJ/hr
-49.3
o
58.8

Duty over the carbonate reactor (R201) is inconsistent with stream enthalpies due to heat

of reaction specification, resulting in the major part (2.44 GJ/hr) of the above

discrepancy.

7.2.3. Section 300 - MEG Purification Section

Stream in Stream number  Flow (GJ/hr)|Stream out Stream number Flow (GJ/hr)
\V-effluent from MEG purification 222 -87.6 |CO2 to EO reaction section 312 -87.4
L-effluent from MEG purification 221 -442 .5 |Water / aldehydes (V) 308 -14.2
-530.2 |Water / aldehydes (L) 313 -48.8
Purified MEG 304 -182.8
Heavy components 309 -1.2
Absorbent to EO reaction section 310 -199.2
-533.6
Unit Duty : (kW) (GJ/hr)
5301 05
C301 reboiler 126 Stream difference 3.5GJ/hr
C301 condenser -159 Units -4.0GJ/hr
C302 reboiler 320 Balance -0.5GJ/hr
C302 condenser -32.2
P303 24 0.0
Sum -4.0
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7.2.4. Section 400 - EO Puirification Section

Stream in Stream number Flow (GJ/hr)|Stream out Stream number  Flow (GJ/hr)
EO from EO reaction section 401 -3417.4 |Loop gas to EO reaction section 421 -18.2
IAbsorbent from MEG reaction section 422 -288.6 |Purified EO 419 =227
-3706.0 |Heavy components 418 -6.0)
Absorbent to EO reaction section 417 -290.9
Absorbent to EO reaction section 414 -3268.9
-3606.6
Unit Duty : (kW) (GJ/hr)
C401 reboiler 107.3 Stream difference -99.4 GJ/hr
C403 reboiler 18.0 Units 99.7 GJ/hr
C404 reboiler 73 Balance 0.3 GJ/hr
C404 condenser -83
C405 reboiler 5.7
K401 4485 1.6
K402 644.0 23
K403 205.6 0.7
K404 1067.6 38
K405 4511 16
P401 165.2 0.6
P404 20.0 0.1
E402 -2.0
E403 -16.7
E404 -4.9
E408 -2.7
E409 -14.9
Sum 99.7
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7.2.5. Overall Enthalpy Balance

Unit Duty : (kW) (GJ/hr) Stream in Stream number  Flow (GJ/hr)
C301 condenser -15.9 Ethylene feed 101 443
C301 reboiler 12.6 Methane feed 102 -6.8
C302 condenser -322  Oxygen feed 103 0.1
C302 reboiler 32.0 Reaction water 223 -129.1
C401 reboiler 107.3 91.7
C403 reboiler 18.0
C404 condenser -8.3
C404 reboiler 7.3  Stream out Stream number Flow (GJ/hr)
C405 reboiler 5.7 Total purge 131+132 (%) -97.7]
E102 184.6  Argon purge 118 -9.4
E103 -106.4 Water / aldehydes (V) 308 -14.2
E104 -106.8  Water / aldehydes (L) 313 -48.8|
E105 -141.3 Purified MEG 304 -182.8
E202 125  Heavy components 309 -1.2
E203 1.5 Purified EO 419 =227
E402 2.0 Heavy components 418 -6.0
E403 -16.7 -382.8
E404 -4.9
E408 =27
E409 -14.9 (*) 131 and 132 combined in Aspen
K101 3058.6 11.0
K102 745.4 27
K103 286.9 1.0
K401 448.5 16
K402 644 23
K403 205.6 0.7
K404 1067.6 3.8
K405 4511 16 Stream difference 291.1 GJ/hr
P101 3316 1.2 Units -286.3 GJ/hr
P102 13.78 0.0 Balance 4.8 GJ/hr
P201 257.146 09 iCorrection R101 & R201 5.4GJ/hr
P202 02 0.0 |Corrected discrepancy -0.5 GJﬁ\O
P203 24 0.0 g
P303 24 0.0
P401 165.227 0.6 S
P404 19.962 0.1
R101 -193.1
S201 -49.3
§202 -0.8
S301 -0.5

-286.3 Sum

31



Confidential 8 - Process and Equipment Design STORK

8. Process and Equipment Design

8.1. Integration by Process Simulation

A steady state flow sheet modeling program is used to model the design. For this purpose
Aspentech’s Aspen Plus 10.0-1, provided by Stork E&C, was used.

8.2. Equipment Selection and Design

8.2.1. Ethylene Oxide Reactor (R101)

The ethylene oxide reactor is a multi-tubular reactor, in which the tubes are filled as a
packed bed of catalyst particles. A multi-tubular reactor with a cooling effluent in the

outer shell is chosen because of the necessity of substantial heat removal, together with

the fact that a packed bed of catalyst is necessary. Wlat Celalei sl 2 7.

ref. 14, 15

An industrial reactor designed for EO Production by Shell/CRI or Halcon is
shown in figure 8.1. This reactor consists of three sections. After heat exchange between
the influent and effluent gasses of the reactor, the influent (110 °C) is preheated to
reaction temperature (220 °C) with steam produced in the reaction section. This preheat
zone is symbolized by E102 in the PFD. In the reaction section the heat of reaction is
removed and in the cooling zone (E103) the effluent gasses from the reaction section
(240 °C) are cooled as quickly as possible to approximately 180 °C to minimize aldehyde
production. ' ' T

i A
wal 1 )\
E b2, PreheatZone ﬁ:r/ S HP Steam
%
- L]
VA X N BEREE
Reaction Zone
b - & -
= oPve Egﬁi o > MP Steam
Coolin 5 9/‘//'
g Zone /4////
180 ° BFW YA YA
< ( ) Reactor Feed
“--../ = Reactor Effluent
FlgSl ! EO reactor
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In the de5|gn o parallel reactors are Psed c\onsnstmg of 6265 tubes eacfiand a volume
of 90.8 m’. Each tube has a diameter of 4 cm and a length of 11.5 meter, divided over the

sections as follows: 2.2 m. for the preheat zone, 8 m. for the reaction zone and 1.3 m. for
the quench. The reaction section is packed with spherical catalyst particles of 0.8 cm ™*

' The catalyst is a silver-doped, on o-alumina based Shell catalyst. This catalyst is
chosen for its high selectivity (8§ %) for EO production. The productivity of this catalyst
is 250 kg EO/m’ reactor/h " '° /The single pass ethylene conversion is about 10% with a
residence time of 6 seconds.

With the data of the catalyst productivity and EO mass flow, the volume of the catalyst
bed is calculated. Since the geometry of the tubes is set © " _the number of tubes
ws dtrectTy m the reaction volume, as well as the area available for heat transfer

( (see appendlx 1

The pressure drop is calculated with the Ergun equatio (}the bed porosity fig 5-56

on page 5-54 of Perry’s Chemical Engineers’ Handbodk ™" ' i$ used)
|
v ocfl=—g . 150 (1—¢ .
APz mS ( btd) [ ( h‘-d) +1.75v, ] fibe
. 3 d |
p-d p € bed P |
Where: P: Pressure [Pa] p: Density [kg/m’]
Vms: Superficial mass velocity [kg/m’s] u: Viscosity [Ns/m’]
d,: Particle diameter [m] Libe: Tube length [m]

€ved. Bed porosity [-]

With this equation the pressure drop over the reactor is found to be 2.5 bar.

L —
The amount of reaction heat to be removed is: 53625 kJ/s. The design of the EO reactor
also depends on the fact that this heat has to be removed (this requires a minimum heat
transfer area). Calculations based upon catalyst activity resulted in a reactor with
sufficient heat transfer area. The heat of reaction is removed by producing steam from
boiler feed water at a rate of 107 ton/h. The design of the preheat section and cooling
section are described in heat exchanger degign(&mplete calculations and data sheets
concerning the EO reactor can be found in the/appendices.
Although in reality a reactor design as described above is used, the modeling is done by
separating the reaction section, the preheating- and cooling section (Feed heater, Quench)
and calculating them as stand alone operations.

The tubes of the reactor are constructed of stainless steel, because ethylene oxide is
present. Possibly formed rust_if carbon steel would be used, together with ethylene oxide
presents an explosion and fire risk. The outer shell is constructed of carbon steel,
because no aggressive chemicals or EO are present.

8.2.2. Carbonate Reactor (R201)

The liquid feed of the carbonate reactor contains amounts of CO,. The rest of the
necessary CO, must be added gradually to replenish the liquid phase and to keep the
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vapor volume in the reactor as low as possible, while the concentration CO; in the liquid
phase will be kept high. For this purpose a trickle floy fixed bed reactor with
intermediate feed positions for the gas phase is used/™" 2" 3¢’

The liquid flow direction is from top to bottom (counter-current flow to the rising
bubbles CO,) , to accomplish a better CO; uptake than in the case of co-current flow. In
the case of a normally fed bubble column a large gas recycle would be required and the
@r fraction in the reactor would also be higher resulting in much larger equipment ok

The reactor is constructed of stainless steel, because ethylene oxide is present. Possible
formed rust, if carbon steel would be used, together with ethylene oxide is explosion
dangerous.

Feed containing EO

CO, gas feed /j'—\x

Y
L
A,
I
Vs
YIS,
A4

-
\{‘_ Effluent

L
’;...i al -
Fig 8.2 Carbonate reactor .L‘-—-*‘M_‘——
The reactor has a volume of 202 m’ filled with a spherical catalyst, comparable with

DOW MSA-1. The productivity of the catalyst 300 kg conversion of EQ/m’/h el

With the data of the catalyst productivity and EO mass flow, the volume of the catalyst
bed is calculated. This volume is corrected for a gas phase volume of approximately 10%
(20 m®) resulting in the volume stated above (see appendix 13).

The pressure drop is calculated with Ergun’s equation and found to be 10 bar. The
complete calculations and data sheets can be found in the appendices.

Because the heat of reaction is low, intermediate cooling is not required. The reaction
stream will rise approximately 25 °C in temperature. The conversion to ethylene
carponate isjnearly 100% with a selectivity of 99% or higher to the eventually produced
MEG "“"*_A residence time of the liquids of 19 minuges is required to accomplish to
conversion described above.

8.2.3. Ethylene glycol reactors (R202, R203)
The reactors used to convert ethylene carbonate to ethylene glycol are shown in fig 8.3.

The reaction takes place in two sequentially placed packed bed reactors, in order to keep
the produced vapor flow withirf practical limits. These limits are determined by possible

——e—
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equipment size, unwanted entrainment of liquids and solids in the vapor flow, substantial
gas/liquid separation on top of the reactor. For the same reasons the reactor should have
a substantial cross sectional area. A helght over diameter (H/D) ratio of approximately
1.5 is used. /

Vapor
effluent

>

.
Liquid
- effluent

Feed >

Fig 8.3 MEG reactors

A packed bed reactor is used without intermediate cooling because the heat of reaction is
low. During the reaction with water CO is released and a substantial vapor flow is
produced This pmnsumes heat, whlch nearly ba!ances the heat produced

——— e e e

With the data of the catalyst productivity and EO mass flow, the volume of the catalyst
bed is calculated. This volume is corrected for a gas phase volume of approximately 10%
resulting in the volume stated above (see appendix 13).

are installed. The vapor/liquid stream runs through the pipes of the

where at the top the liquid is forced down and the gas stream up. The liquid
phase has a residence time of 3 minutes on top of the chimney tray for the gasses to
escape.

The residence time in the reactors of §_3_m3 are approximately 1 hour to result in a
conversion of nearly. 100%. The selectivity over the carbonation ste the hydrolysis
step 1s 99% or more towards MEG. The pressure drop over thgsereactors is low because
the H/D ratio is low. For the calculation of the pressure drop the Ergun eq tion is used.
A more complete calculation of the reactors can be found in th &s together with
the datasheets.

35



Confidential 8 - Process and Equipment Design STORK

Both reactors are constructed of carbon steel, because no aggressive materials or EO are
present.

8.2.4. Absorbers, strippers, and distillation columns

Separation calculations

The column sizing and design is done by computer simul
possible. The numbers of theoretical stages were p ly calculated with Aspen by the
DSTWU shortcut distillation model, employing R#3 xR, as design criteria, but more
preferably data from different patent literatur¢™" ®wvas used. The DSTWU model
employs the Winn, Underwood, and Gilliland methods to estimate the minimum number
of stages, the minimum reflux ratio, and the relation between the number of stages and
the reflux ratio when one is specified. The Winn equation is a variation of the Fenske
equation, wherein the relative volatility is not taken as constant, and is used to estimate
the minimum number of stages. The Underwood equation is used for the calculation of
the minimum reflux ratio.

on with Aspen as much as

Winn: 4 a l:d’ }
b, b,
Underwood: >’ S R, +1
a, -0
Where: d; flow-rate of component i in the tops
b; flow-rate of component i in the bottoms
d, flow-rate of the reference component in the tops
b, flow-rate of the reference component in the bottoms
Nm minimum number of stages at total reflux, including the reboiler
o average relativity

R, minimum reflux ratio
Xid concentration of component i in the tops at minimum reflux

and 0 is the root of the equation:

E a:'rl.f l
a, -0 =
Where: x;¢ the concentration of component i in the feed, and q depends on the

condition of the feed, as used in McCabe-Thiele diagrams.

DSTWU also estimates the reboiler and condenser duty’s, as well as the optimum feed
stage location. Murphree efficiencies are rather arbitrarily taken from comparable
separations " *"P& *** " Column internals were selected on the basis of capacity, pressure
drop, contacting area, column dimensions, efficiency, and costs.

Sizing calculations

Mellapak structured packing, supplied by Sulzer Chemtech, are employed in the
absorbers and strippers. This structured packing has been employed in industry for over
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20 years, in columns up to 12 m in diameter. The availability of data "*** and a

computer-modeling program for structured packings by Sulzer (SulPack) allows
reasonably detailed design. Sulzer Mellapak 250.Y is the most commonly available, and
has been employed in the secondary absorber and both strippers (402, C401, C403). The
higher temperature in the two strippers requires PVDF (max 150 °C), while PP can be
used in the absorber (max 110 °C). The lower height equivalent to a theoretical plate
motivated the choice for Mellapak 250.X for the primary absorber (PP packing) (C101)
and the MEG/DEG separation column (CS packing, low pressure drop) (C302).

The columns where pressure drop and/or contacting area are either smaller or less of an
issue all employ conventional sieve trays. A tray-spacing of 610 mm was adopted as
initial estimate "%’

Data for Sulzer structured packing ,with the exception of HETP HETP soureerref. 34 ¢
available within Aspen, as well as experimental data for sieve trays, and thus Aspen can
provide reasonable detailed column designs. The calculations are based on vendor-
recommended procedures whenever these are available, as they are for Mellapak (Sulzer)
and sieve trays (Fair). These calculations can be done with the RADFRAC model, but
are not available in the DSTWU model. The relevant equations may be found in the
Sulzer literature "™

Thus, this requires taking a preliminary DSTWU model for the number of theoretical
stages, and subsequently simulating the same separation with the rigorous RADFRAC
model, because the DSTWU model does not support packing or tray design. This
process is fairly simple when the results of the shortcut distillation are used as inputs for
the RADFRAC model.

As a simple check of the Aspen calculations, the Lowenstein equation (based on the
Souders and Brown equation) was used to calculate column diameters for the sieve
columns.

( ) 1/2
@, =(=0.171-12 +0.27-1, —0’04?)-[-@}

. Pv
Lowenstein:
4V
D, = 2
pyUy
Where: {, maximum allowable vapor velocity, based on the gross column cross-

sectional area, [m/s]
Iy plate spacing, [m]
B column diameter [m]
Vw  maximum vapor rate, [kg/s]

The results are show in the table below, and compared with the computer calculations.
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Table 8.1 Comparison of column diameters

Column Dimensions: Lowenstein
diam [mm)] height [mm] diam [mm]

C301 2770 6100 2589

C404 1220 11582 1281

C405 910 6100 972

The relatively large diameter of the water removal column (C301) is understandable when
one considers the operation of this column : the evaporation of relatively large amounts
of water, while withdrawing MEG over the bottom. Perhaps an (multi-effect)

evaporator might have been a better design.

Ethylene oxide vapor is prone to polymerization and disproportionation, especially when
rust with high surface area is available as catalyst. Therefore, stainless steel is employed
in a number of columns, especially when the surface to volume area is high.

Equipment datasheets for the columns are included in appendix 11, the Lowenstein

calculations are included in appendix 16.
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8.2.5. Heat exchangers

Shell and tube heat exchangers are the most commonly used type of heat-transfer
equipment in the chemical industries.

This type of heat exchanger is chosen because of:

The large surface area it has in a small volume

The fabrication techniques are well established

This type of heat exchanger can be constructed from a wide range of materials
The design procedures are well established

Most of the heat exchangers used in the process are fixed tube heat exchangers. The
disadvantage of this type of heat exchanger is the fact that it can only be operated at a
relatively low shell pressure (8 bar).

Design of the heat exchangers is carried out as described in Coulson & Richardson’s
Chemical Engineering ™" .
The log mean temperature difference (LMTD) was calculated with the formula:

— (Tl "12)"(712 "‘rl)

AT, ~
In ln (’[E = rg)
Uz - tl)
Where: T, inlet shell side fluid temperature
T, outlet shell side fluid temperature
4 inlet tube side temperature
l2 outlet tube side temperature

The overall heat transfer coefficients used based upon experimental data are presented in
appendix 9. The overall heat transfer coefficients where obtained from literature " ¢
80381 These coeflicients together with the LMTD and the required heat duty are used to
calculate the heat transfer area needed in an exchanger.

The heat exchange area is then calculated in the following way:

Q=U-A-AT,
Where: Q heat duty (GJ/hr)
U overall heat transfer coefficient (W/m?K)
A heat exchange area (m?)

In the tables below the heat exchangers of the entire process are listed per section of the
process.
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Table 8.2 Heat exchangers in section 100

Name | Duty Number of | Area Tube length | Tube Number
(Gl/hr) exchangers | per per diameter | of tubes

exchanger | exchangers | (m) per

(m?) (m) exchanger
R101 -193.05 2 3464 8.00 0.044 6265
E101 114.84 4 993 488 0.025 2589
E102 184.64 2 1928 2.22 0.044 6265
E103 -106.38 2 2276 1.31 0.044 6265
E104 -106.79 4 825 4.88 0.025 2150
E105a -55.68 1 477 2.44 0.025 2484
E105b -85.63 1 825 2.44 0.025 4301

Table 8.3 Heat exchangers in section 200

Name Duty Number of | Area Tube Tube Number
(GJ/hr) exchangers | per length per | diameter | of tubes
exchanger | exchangers | (m) per
(m®) (m) exchanger
E201 -93.99 3 983 4.88 0.025 2562
E202 12.5 1 111 2.44 0.025 581
E203 1.46 1 24 2.44 0.025 123
Table 8.4 Heat exchangers in section 300
Name Duty Number of | Area Tube Tube Number
(GJl/hr) exchangers | (m?) length diameter | of tubes
(m) (m)
E301 12.60 1 100 2.44 0.025 521
E302 -15.89 1 337 2.44 0.025 1756
E303 32.00 1 148 2.44 0.025 772
E304 -32.20 1 894 2.44 0.025 4662
Table 8.5 Heat exchangers in section 400
Name Duty Number of | Area Tube Tube Number
(GJ/hr) exchangers | (m%) length diameter | of tubes
(m) (m)
E401 107.3 1 497 2.44 0.025 2589
E402 -1.95 1 49 2.44 0.025 257
E403 -16.69 1 431 2.44 0.025 2249
E404 -4.89 1 67 2.44 0.025 350
E405 18.00 1 143 2.44 0.025 745
E406 7.31 1 51 2.44 0.025 265
E407 -8.28 | 52 2.44 0.025 272
E408 -2.68 1 48 2.44 0.025 251
E409 -14.89 1 188 2.44 0.025 979
E410 5.70 1 26 2.44 0.025 138
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When the area of the heat exchanger is known (calculated in the way described above) a
tube length and diameter can be calculated. A diameter of 1 inch (2.54 cm) is usually
chosen, because of its wide availability. The tube length is then chosen as a multiple of
2.44 m. (2.44 m or 4.88 m) because this is an industrial standard. Tube length, diameter
and required area then determine the number of tubes.

The area per tube, the number of tubes and the shell diameter are calculated with the
formulas below

A-‘uhe =/ dm.’ne . ‘L
i
A

tube

D, = d{ﬁ—] +05-d,

1

Where: Apbe area per tube (m?)
Duibe tube diameter (m)
L tube length (m)
N, Number of tubes
Db Tube bundle diameter (m)

For sizing the reaction section of the reactor two aspects play a role: the reaction volume
necessary and the heat transfer area necessary. The heat transfer area resulting from
reaction volume calculations are sufficient for the reaction heat transfer.

The preheating and cooling zone of the reactor (E102 and E103) have some constrains
determined by the reactor design. The number of tubes as well as the diameter and the
tube pitch are the same as for the reaction section, because these three operations
(preheating, reaction and cooling) are integrated in the same equipment. For the preheat
section another design constraint is set by the available steam from the reaction section.
This leads to design calculations by which only the tube length determines the area of
heat exchange. The heat transfer coefficients are shown in tables 8.1-8.5. These together
with the required heat duty, determine the tube length of the preheating and cooling
sections.
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8.2.6. Vessels

In the design of all knock out vessels, two main factors are of influence. First, the
velocity of the vapor escaping the liquids and the liquid volume in the drum, and
secondly, the velocity of the gases escaping the liquids must be lower than the gas
velocity, as calculated with the following equation "% P& 417

u, =0035% £L.
ol
Where:
u, = maximal gas velocity [m/s]

pL = density of the liquid phase [kg/m’]
py = density of the gaseous phase [kg/m’]

The reason for this is that small liquid droplets that are always present should be able to
settle down into the liquid phase. When the gas velocity is too high, small droplets are
entrained with the out flowing gases.

This minimum velocity is then used to calculate a minimum cross sectional area for the
vessel. Also, a disengagement height should be provided above the liquid level. This
height is taken to be as high as the vessel diameter. The liquid level will depend on the
hold-up time required for smooth operation and control, typically five minutes would be
allowed and is thus used in this design. All calculations are presented in appendix 13

The streams flowing through all vessels is non-corrosive nor contains EQ, hence, carbon
steel suffices as construction material for all vessels. The characteristics of all vessels are

presented in table 8.6.

Table 8.6 Vessel characteristics

Ves_s;:l : Orientation | Volume | Height | Diameter
i e i n-.il: S im i

V101 Steam drum Vertical 35.6 4.5 3.2
V102 Steam drum Vertical 21.7 3.7 3.1
V301 V/L sep. Vertical 1.2 1.3 1
V302 V/L sep. Vertical 11.1 2.8 23
V401 V/L sep. Vertical 1.1 0.7 1.4
S201 CO2 Flash drum | Vertical 131.9 8.8 4.4
S202 Flash drum Vertical 0.9 1.1 1.0
S301 CO2 flash drum Vertical 0.8 1.0 1.0

8.2.7. Pumps and compressors

The process-fluids to be transported by pumps have such properties and conditions that
normal centrifugal pumps can be applied. Viscosities are not to high and only if the flows
are very small (as for pumps P202, P304, P402) positive displacement pumps are applied.
In all other cases centrifugal pumps are used.
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The power of pumps is calculated with the formulae shown below. Some of the
calculations are done by Aspen, which also calculates efficiency. For transport pumps not
calculated by Aspen the equations below are used with an efficiency of 0.72.

})i‘heore.":'caf = ¢v E AP

P = U g Rheomn’cat

Where: P: Power [w]
bv: Volume flow [m*/s]
AP: Pressure change [Pa.]
n: Efficiency

The compressors are mostly rotary compressors, chosen with regard to the moderate
pressure changes and the moderate to large flows. The two compressors used for the
vacuum operation of the MEG purification columns (C301, C302) are liquid ring pumps
ref2l.pe- 199 because normal rotary compressors cannot provide low pressures on the
suction side, but are designed to provide higher pressures on the discharge side.

The power of the compressors is calculated with the use of the equations below. For the
efficiency of compressors 0.72 is used. Aspen, using the thermodynamic chosen model
described in chapter 4, calculates all powers.

Py 1
P = }—0
isentropic ;!: p

P = f}‘ . )D,scmmp!c

Where: P: Power [w]
n: Efficiency
p: Density [kg/m’]
p: pressure [Pa.]

For protection of the compressors knock-out drums are placed upstream of the
machinery. Both pumps used for transportation of the liquid effluents of the MEG
reactors (P205, P305) also have a vessel upstream to prevent possible vapor bubbles
entering the pumps. Although these vessels are not concluded in this conceptual design
they are mentioned here.

Since EO attacks most organic compounds, care must be taken in the choice of seals and
gaskets.
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9. Wastes

In this chapter the wastes produced by the process will be described. ‘Waste’ covers all
compounds/utilities/streams produced, which do not belong to the products. These are

summarized in table 9.1.

Table 9.1 Overview of the direct wastes 2.0 1) "')0 L 0/("‘/0 Zo /
Wastes G/’),?W 003 40 e ¥ sffeam number HE HET
kg/h 118 131 132 308 313 309 418 [total (kg/h) [total (t/a)
State \'% \% I \% L ¥ [
EO 0.001 0.1 0.13 1.05
MEG 0.045 53.5 25.7 29 82.13 657.06
Ethylene 828.899 0.1 828.96| 6631.66
Water 1.817 850.8 586.4 3085.4 trace 383.9 4908.37| 39266.95
Methane 1446.098 0.0 1446.10] 11568.79
Oxygen 232.753 trace] 232.75] 1862.02
Argon 56.583 trace 56.58] 452.66
EC 0.006 5.1 04 5.49 43.90
CO, 465.668| 9406.0 565.5 10437.12] 83496.94
DEG trace 179.0 00  179.01] 1432.04
Aldchydes trace| - trace 0.1 0.9
Mo bl ~ == -
components that form the major part of the wastes are: contaminated water, \

methane, ethylene, oxygen and CO,, in the liquid or vapor phase. The vapor wastes
consist mostly of ethylene, methane, carbon dioxide, and oxygen. The liquid wastes,
consist mostly of water contaminated with aldehydes, ethylene carbonate, MEG and

DEG.

The vapor wastes are flared. This will result in large amounts of carbon dioxide

discharged to the atmosphere (CO; from the process and CO, from combustion of the
ethylene and methane wastes in the flare). Also some carbon monoxide resulting from
combustion of ethylene and methane is discharged into the atmosphere. '
The carbon dioxide resulting from flaring the ethylene and methane will result in

approximately 50 kt/a extra CO,. Hence, the total CO, discharge will be approximately

134 kt/a. Reduction of the CO, produced by the process is impossible with current
technology. Only the development of EO catalysts with higher selectivity would aid in
this, but this cannot be expected from the current generation of catalysts.

The liquid wastes are purged to the surface water. For components such as MEG and
DEG this is not a problem, because they biodegrade easily. Furthermore, both
components can effectively be treated in conventional wastewater treatment facilities.
Aldehydes have a more substantial influence on the environment, but the amounts of
aldehydes purged are very low; hence further treatment is not necessary before

discharging.

Little EO is discharged as waste. EO is a hazardous chemical for environme:
human health (MAC: 90 mg/m®, LCso™": 57-274 mg/l “**"). Trace amounts will b
discharged via the vapor phase. These small amounts will combust/in the flare and do not
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form a problem to health or the environment. The largest part of the discharged EO is in
the liquid phase (dissolved in water). The concentration of EO in the purge stream <418>
is about 26.7 mg/l. This value is far under the LCs, value for fish. Furthermore when
discharging this stream to the surface water this concentration will rapidly decrease ~
(diluted by the liquid purge streams <132>, <313>,<309> and by the surface water
itself).
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10. Process Safety

10.1. Hazards of the Chemicals

The EO/MEG process is inherently unsafe because of the use of dangerous chemicals.
Ethylene, methane, EO and MEG are all flammable and even explosive substrates, which,
especially in the presence of oxygen, present a profound hazard. Data concerning fire and
explosive limits of EO, ethylene and methane are presented in the tables below.

Table 10.1 Fire and ctplmmn d.lta fa/\ff 32

Property : N | val

lower ﬂammab!e I:mlt mol % 3.0

upper flammable limit', mol % 100
deflagration K¢ index, J 188-246
deflagration P« index, kPa 968 -975_
detonable range, mol % /1/5— 30 J
theoretical flame temperature, °C 2129
auto-ignition temperature, °C 445
minimum ignition energy?, J 7) 107
minimum ignition energy’ (10.4 mol %),J | 6- 10° 0
1. Inair 2. Vapor 3. Vapor-air mixture

166

Table 10.2 Fire and (:\plmmn data for methane, ethylene and M

Property o Methane | Ethylene “-MEG
lower flammable limit', mol % |44 25 32
upper flammable limit', mol % | 16.0 34 21.6
auto-ignition temperature °C 537 425 400
minimum ignition energy?, J 0.28-10° |0.07-10°

1. Inair 2. Vapor

As can be seen in these tables, it is of utmost importance to keep the concentration of EO
and ethylene below 2.7 mol% or 4 mass%. To achieve this low concentration in the
reaction gases a carrier gas is needed. For its superior heat capacity and stability methane
is chosen as a carrier gas over other possible carrier gases such as nitrogen or other inert

gases. The use of methane, however, requires a minimum concentration of this gas, 16.0
mol%, because of its flammability limits. During normal operation the methane -
concentration is always sufficient; however, this concentration should be monitored
during startup and shutdown procedures.

The polymerization and disproportionation, as well as decomposition, of EO, especially
when catalyzed by iron oxide in stagnant liquids and at raised temperatures, is a major
hazard. The use of proper materials and the purging equipment with inert gases such as
nitrogen after cleaning can minimize the formation of iron oxide.
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10.2. The Process Safety

10.2.1.The EO reactor

Prevention of the presence of an explosive EO mixture is of the utmost importance in the
EO reactor. This can and should be monitored by analyzing reactor inlet concentrations
as well as reactor outlet concentrations of all substances. Some possible causes for a too
high concentration of EO are listed below:
e The methane/inlet is too smatl (0T e o A
e The ethylene and oxygerr"ithoo large. 4_4'(-;—5.
e The gas purge is too high decreasing the amount of loop gas, raising reactant
concentrations.
e IfEO is present in the reactor influent. Most probable reasons for EO at the reactor
inlet are:
e EO absorber (C101) failure — incomplete EO absorption
e MEG reactor (R201) failure — incomplete conversion of EO
e EO absorber (C402) failure — incomplete EO absorption

The failure of one of the absorbers may occur when problems with the absorbent feed
arise, for instance, not enough absorbent throughput. Placing a hold-up vessel before
each absorber, or perhaps using a shared vessel for the two absorbers, can reduce this
risk. Also the operation of pumps P101 and P204 is critical for the proper operation of
the absorbers, and therefore they are spared.

The use of analysis controllers warns the operators when the gas mixture approaches
explosive limits.

10.2.2.The oxygen mixing station

In the oxygen mixing station explosive limits are locally exceeded. Unfortunately this can
not be avoided, only minimized by use of proper mixing equipment. A gas analyzer
placed behind the mixing station will monitor the gas composition, warning of the
possibility of the occurrence of explosive gas compositions behind this mixing point.
Because of the potential risk of explosion the mixing station is placed inside a concrete
bunker.

—

10.2.3.The carbonate and hydrolysis MEG reactors

The concentration of chemically explosive gases in the carbonate reactor is low enough
to make potentially dangerous situations improbable. A decrease in available absorbent
could result in relatively higher gas flows and concentrations, but this situation can only
occur when the primary EO absorber (C101) fails, and the results hereof are addressed
elsewhere. In the hydrolysis reactors explosive dangers are avoided by the absence of
oxygen and EO.
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10.2.4.Piping

One potential hazard concerning the use of carbon steel for piping is the formation of iron
oxide. EO in vapor form can react exothermally to form ethylene, hydrogen and CO,
easily when catalyzed by iron oxide. When this occurs local temperatures can exceed the
decomposition temperature of EO. This has been the reason of many industrial accidents
with EO ™“*!. For this reason all piping through which EO in vapor passes should be
stainless steel, or other ways protected.

10.2.5.Vessels

Both steam drums V101 and V102 present a hazard because of the large amounts of
potential energy stored in the high temperature liquid water. A boiling liquid expanding
vapor explosion (BLEVE) should be prevented. Overfilling of vessels, a main reason for
the occurrence of BLEVESs, must be monitored carefully. The grounding of vessels,
isolation from potential fire hazards, and the use of pressure relief devices help reduce
this risk. In this design a liquid level controller is also installed. Further consideration of
safety implementations are beyond the scope of this design.

10.2.6.Columns

The operation of the main EO absorption column (C101) is critical for the stable
operation of the complete plant. Therefore this column should be carefully monitored
because off-normal operation creates build up of chemicals in many streams creating
potential dangerous situations. Also the EO heavy ends separation column (C404) is
potentially dangerous because of the high EO concentration in the column and top
stream. Explosion limits are unfortunately exceeded here but can under no circumstances
be avoided because pure EO is one of the end products of this plant. The exceeding of
explosion limits here justifies under no circumstances the exceeding of explosion limits in
other places.
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10.3. Dow Fire & Explosion Index Analysis

The Dow Fire and Explosion Index (F&EI) analysis provides key information to help
evaluate the overall risk from fire and explosion for a design. The calculations are based
on quantifiable data, resulting in realistic maximum losses that could actually be
experienced under the most adverse operating conditions, instead of theoretically based
risk figures. After calculating the F&EI, calculations can be carried out resulting in the
maximum probable property damage (MPPD) and the business interruption (BI), as well
as other safety related results. A proper F&EI analysis requires a complete process flow
sheet and replacement costs of equipment, as well as the F&EI publications .

The procedure to be followed basically requires taking one pertinent part of the
manufacturing unit (a process unit), consisting of, for example, a reactor and its
peripheral equipment, and taking the single most hazardous chemical in the unit. In
general, the most hazardous chemical should be present in more than 5% concentration.
When these parameters have been set, all aspects of the chemical and process units are
factored into a final F&EI, as shown below.

F&EI = General Process Hazards Factor (F,) x Special Process Hazards Factor
(Fy) x Matenial Factor (MF)

The process units and chemicals this analysis has been carried out for are shown in table
10.3

Table 10.3 Firc and Explosion indices for pertinent prm:caa units

Process unit | Chemica Fs; F&EI | Degree of hazard
EO reactors, mcIudlng recycle ethylene 5 126 intermediate
compressor
EO absorber C101 EC/MEG mix. |5 1.8 9 light
EO purification column EO 29 29 84 moderate
C403
MEG purification columns | MEG 5 1.8 9 light
C301 and C302

The relation between degree of hazard and the F&EI range is shown in table 10.4.

Table 10 4 Degree of hazard for F&EI (ref : F&EI 7" edition)

: Degree of Hazard forF&EL
F&EI Index Range : Degree of Hazard
1 - 60 Light

61 — 96 Moderate
97 - 127 Intermediate
128 — 158 Heavy
159 — up Severe

The computation of the various factors is based on the conceptual design presented in
this report. These calculations only consider the aspects that have been implemented in
the design up to this point and issues that are so obvious that they can be considered in
these calculations without serious deliberations. For example, drainage and access for
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emergency services are not included, but the presence of EO in the reactor gas mixture is.
This approach is considered to be the most valid at this point. Basic technological insight
is required at every step to ensure reasonable and usable results.

Such results as the business interruption (BI) were also considered beyond the scope of
this document.

All calculations and results are included in appendix 14.
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11. Economy

In this chapter an estimate for the total costs for the EO/MEG plant (CAPEX) as well as
an estimate for the operating expenses (OPEX) are calculated.

11.1. Fixed Capital

Fixed capital is the total costs of the plant ready for start-up. It is the cost paid to the
contractors. It includes the costs of:

e Design, and other engineering and construction supervision.

e All items of equipment and their installation.

e All piping, instrumentation and control systems.

¢ Buildings and structures.

e Auxiliary facilities, like land and civil engineering work.

The equipment costs are calculated as accurately as possible using costing data from
various sources. The costs of all other items in the previous list are estimated using the
Lang factorial method “* 222" This means they are calculated as a fraction of the
purchased equipment costs. It is therefore important to have an accurate estimate of the
purchased equipment costs to prevent huge build-up of errors.

11.2. Estimation of Purchased Equipment Costs

Because the cost of purchased equipment (PCE) is used as the basis of the factorial
method it must be estimated as accurately as possible. Many sources for equipment cost
data are available, especially the journals Chemical Engineering and Hydrocarbon
Processing publish costs lists on a regular basis. The problem with these lists is that fairly
accurate knowledge of the size, shell thickness, construction material, etc of the
equipment is necessary. Usually this accuracy is not included in a conceptual design.
Fortunately, other methods are available. For the EO/MEG plant PCE Coulson and
Richardson’s Chemical Engineering ™" is used, except for the costs of heat exchangers
and reactors for which the Conceptual Cost Estimation Manual is used " % The Cost
Estimation manual is used because the data from Coulson & Richardson’s was not
detailed enough for a reasonable estimate of these costs. The costs in both sources are
not given in 1999 US dollars. To convert data from both sources to US dollars in 1999
an exchange rate of 1.6 $/£ is used. Furthermore, an index of 1.04 is used for the
devaluation of money each year.

The calculations are included in appendix 15 and result in the equipment costs tabulated
in table 11.1:
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Table 11.1 Equipment costs

Equipment Costs Time base
Total columns costs k$ 1,836 1999
Total heat exchanger costs k$ 8,995 1999
Total compressor costs k$ 2,050 1999
Total pump costs k$ 556 1999
Total reactor costs k$ 8,872 1999
Total vessel costs k$ 136 1999
C102 CO2 removal system k$ 7,000 1999
Total purchased equipment costs (PCE) k$ 29,310 1999

11.3. Calculation of Fixed Capital

As mentioned before, the fixed capital is estimated by multiplying the PCE with a Lang
factor. This means that fixed capital costs are calculated using formula:

Cf =1, *C,
Where: Cr fixed capital costs
fL the Lang factor
Ce costs of all major equipment

For a predominantly fluids processing plant, as the EO/MEG plant is, a Lang-factor of
4.7 is usually taken. To make a more accurate cost estimate, the cost factors that are
compounded into the Lang-factor can be considered individually. The direct-costs items
included in the fixed capital in addition to the costs of all major equipment and their
individual Lang factor are demonstrated in table 11.2.
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Table 11.2 Lang factors and costs

Item : - Lang factor Costs

PCE All major equipment PCE| k$ 29,310
fi Equipment erection 0.4 k$ 11,724
f Piping 0{7) k$ 20,517
f3 Instrumentation 0120 k$ 5,862
fi Electrical o 0/10 kS 2,931
fs Buildings, process 0{15 k$ 4,396
fs Site development OEOS k$ 1,465
f; Utilities 0)57 k$ 14,655
fs Storages 0{15( k$ 4,396

PPC Total physical plant costs PCE *3.25| k$ 95,256}

= PCE*(fi+..+f3)

fo Design and engineering 0)31] k$ 28,577
fio Contractor’s fee @5 k$ 4,763
fis Contingency o]u:; k$ 9,526

F Fixed capital PPC * 1.45| k$ 138,121}

C e

T % 91

above are derived from historical cost data for fluids type processe istorical data

With this detailed cost estimation, a Lang factor ofﬁlﬁs is compou@Hﬁe values given
solely from EO/MEG facilities is unfortunately not available.

11.4. Comparison

(L Tl

A comparison of the costs of this design to designs licensed by Scientific Design is

presented in table 11.3/ ‘The Scientifi c esign EO process values are based on a

production of solely 00,000 t/a EO ﬁand the Scientific Des;} O/MEG process

values are based on/a producnon of sotely 400,000 t/a of MEG{"™"**./ The values of{

Cif:je based on a production of 100,000 t/a EO and 200,000 t/a MEG. It seems
tr

ange that thls/design consumes 28 kt/a of steam and both Scientific Design processes
e steam.” The reason for this is that the selectivity of both Scientific Design

processes is approximately Q.72 mol EO/mol ethylene, and this design has a selectivity of
86%. The heat generated by the combustion of the extra ethylene produces
approximately 375 kt of steam per annum. This leaves a difference of approximately 75
kt/a between the EO/MEG plant of this design and the Scientific Design EO and MEG
designs — that is, all three processes produce an excess of steam, but the SD designs
produce more. A possible explanation is that the design described in this document is
based on the production of both EO and MEG, while the designs it is compared,so’ 't(»
produce either EO or MEG.
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Table 11.3 Comparison of costing data

Category This design Scientific Design Scientific Design
EO process EO/MEG process

Production 100 kt/a EO 200 kt/a EO 400 kt/a MEG
200 kt/a MEG

PCE 29.3 mil. USD 39.9 mil. USD 63.0 mil. USD

Raw materials E + O, 377.7 kt/a 359 kt/a 523 kt/a

Electric power 69.8 *10° kWh [ 31.9 *10° kWh 85.7 *10° kWh

Cooling + chilled water | 79.9 mil. t/a 65.6 mil. t/a 95.7 mil. t/a

High Pressure Steam 280 kt/a - 197 kt/a (EOR) -169 kt/a (EOR)

11.4.1.0perating costs

The costs of producing EO and MEG can be divided into two groups:
Fixed operating costs, costs that do not vary with the production rate
Variable operating costs, costs that do vary with the production rate

Fixed costs include
e Maintenance (labor and materials)
e Operating labor
e Laboratory costs
e Supervision
e Plant overheads
e Capital charges
e Rates (and other local taxes)
e Insurance
e License fees and royalty payments

Variable costs include

e Raw materials

e Utilities
Shipping & packaging
Miscellaneous operating materials

Raw material and utility costs are easily calculated from flow sheet data. The only
problem occurs with the catalyst costs. The costs listed in table 11.4 are costs of fresh
catalyst per year, although the used silver as well as the ion exchange resin MSA-1 can
probably be easily regenerated. The costs of this regeneration is unknown and therefore
this option is not taken into account.

Miscellaneous materials are materials required for operation of the plant but not included
in maintenance and raw materials, such as safety clothing, gaskets, etc. 10% of the
maintenance costs is used as estimate for these costs.
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Shipping and packaging is not a large factor in the EO/MEG plant; in this design they are

neglected.

For the operating labor only personnel directly involved with plant operation is taken into
account. Plant personnel costs approximately $3000 per person per month, 20 persons

per shift with 5 shifts a day then comes to the total operating labor.
The other fixed costs are calculated as a percentage of the fixed capital. Historical data
was again used to determine those percentages.

Table 11.4 Operating costs

Fixed capital (FC) k$ 138,121
Raw materials price use
Ethylene 520.00 $/ton 193,198 ton k$ 100,463 k
Oxygen 50.00 $/ton 184,584 ton k$ 9,229
Methane 120.00 $/ton 11,592 ton k$ 1,391
Methylene chloride 750.00 $/ton 12 ton k$ 9
Water 2.50 $/ton 65,143 ton k$ 163
Catalyst EO reaction, alumina carrier 10352.94 $/m3 42 m3 k$ 435
Silver for catalyst 5.18 $/ounce 176,056 ounce | k$ 912
Catalyst based on DOW MSA-1 11764.71 $/m3 327 m3 k$ 3,843
Total raw materials k$ 116,445
Utilities
Chilled water 0.21 $/ton k$ 5,323
Cooling water 0.02 $/ton k$ 1,090
Steam 9.28 $/ton k$ 25054
Electricity 0.04 $/kWh 69,823,689 kWh k$ 2,793
Total Utilities k$ 11,801
Miscellaneous materials 10% of maintenance k$ 1,381
Maintenance 10% of fixed capital k$ 13,812
Operating labour k$ 2,700
Laboratory costs 20% of operating labor k$ 540
Supervision 20% of operating labor k$ 540
Plant overheads 50% of operating labor k$ 1,350
Capital charges 15% of fixed capital k$ 20,718
Insurance 1% of fixed capital k$ 1,381
Local taxes 2% of fixed capital k$ 2,762
Royalties 1% of fixed capital k$ 1,381
Annual production costs k$ 174,812

11.5. Profitability Measures

Several profitability measures have been calculated for the EO/MEG design. In order to
do this a few assumptions are made. The total investment is the earlier calculated fixed
capital. It is assumed that this will be paid at the beginning of plant operation, e.g. the end

of year 0.

When plant life is taken to be 15 years, and the time value of money discount rate 10%,
the net present worth of future earnings is 400 million dollar, or 2.9 times the original

investment and the payback time is just under 2.5 years.
When a plant life of 15 years is assumed the discounted cash flow rate of return
(DCFRR) is 51%. When a plant-life of 10 years is assumed the DCFRR is 38%. The
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DCFRR is a measure of the maximum rate that the project could pay and still break even
at the end of the project life. The DCFRR provides a useful way of comparing the
performance of capital for different projects, independent of the amount of capital used.

Table 11.5 Summary and data for profitability measures

End |Investment |Operating Forecast sales|Net cash flow |Cumulative |Discounted Cumulative
of costs ' cash flow cash flow at  |discounted
Year (Net Future 10% cash flow (Net

Worth) Present
Worth)

0 | k$ 138,121 | k$ - FSL___—-.,_:..___ k$ - 138,121 | k$ - 138,121 | k$ - 138,121 | k$ - 138,121
1 | ks o 1Kk$ 174,812 |(k$ 245,5_§z,1m:t$ -67,366 | k$ 64,323 | k$ - 73,799
2 | k$ - k$ 174,812 —245,567 | k§ 70,755 | k$ 3,389 | k$§ 58475 k$ -15,323
3 |k$ - k$ 174,812 | k$ 245567 | k$ 70,755 |k$ 74,144 | k$ 53,159 | k$ 37,836
4 | kS - k$ 174,812 | k$ 245567 | k§ 70,755 | k$ 144,899 | k$ 48,327 | k$ 86,163
5 | k$ - k$§ 174,812 | k$ 245,567 | k$ 70,755 | k$ 215654 | k$ 43,933 | k$ 130,096
6 |k$ - k$ 174,812 | k$ 245,567 | k$ 70,755 | k$ 286,409 | k$ 39,939 | k$ 170,035
7 | k$ - k$ 174,812 | k$ 245,567 | k$ 70,755| k$ 357,164 | k$ 36,309 | k§ 206,344
8 | k$ - k$ 174,812 | k$ 245567 | k$ 70,755 | k$ 427,919 | k$ 33,008 | k$ 239,352
9 | kS - k$ 174,812 | k$ 245567 | k$ 70,755 | k$ 498674 | k$ 30,007 | k$ 269,359
10 | k$ - k$ 174,812 | k$ 245,567 | k$ 70,755 | k$ 569,429 | k$ 27.279| k$ 296,638
11 | k$ - k§ 174,812 | k$ 245567 | k$ 70,755 | k$ 640,185 | k$ 24,799 | k$ 321,437
12 | k$ - k$ 174,812 | k§ 245567 | k$ 70,755 | k$ 710,940 | k§ 22,545 | k$ 343,982
13 | k$ - k$ 174,812 | k$ 245567 | k$ 70,755 | k$ 781,695 | k$ 20,495 | k$ 364,477
14 | k$ - k$ 174,812 | k$ 245567 | k$ 70,755 | k$ 852,450 | k$ 18,632 | k$ 383,109
15 | k$ - k$ 174,812 | k$ 245567 | k$§ 70,755 | k$ 923,205 | k$ 16,938 | k$ 400,047

Table 11.6 Financial scenarios for the EO/MEG process

End |Project NPW |Project NPW |Project NPW [Project NPW |Prdje W |Project NPW
of |at55% at 51% at 45% at 40% at 38% at 35%
Year |discount rate |discount rate |discount rate |discount rate (discount te |discount rate
(15 years) (15 years) (15 years) (10 years) S) (10 years)
0 | k$-138,121 | k$ - 138,121 | k$ - 138,121 | k$ - 138,121 | k$ - 138,121 | k$ - 138,121
1 | k§ -92473 | k$ -91264 | k$ -89325|k$ -87,582|k$ -86,850| k¢ - 85,710
2 |k$ -63022|k$ -60,232|k$ -55672|k$ -56,373|k$ -54,110| k$ - 50,502
3 |k -44022 | k$ -39,682|k$ -32463|k$ -37237|k$ -33,309|k$ -26914
4 |k$ -31764 | k$ -26,072|k$ -16457 | k$ -25604 | k$ -20,172]|k$ - 11,161
5 | k$ -23855|k$ -17059 | k$ -5418|k$ -18,608 | k$ -11,935]|k$ - 678
6 | k$ -18,753 | k$ -11,090 | k$ 2195 k$ -14458 | k$ -6,814 | kS 6,270
7 |k$ -15461|k$ -7,137 | k$ 74451 k$ -12,041 | k$ -3,666 | k$ 10,853
8 |k$ -13337| kS -4519|k$ 11,066 | k$ -10667 | k$ -1,758|k$ 13,858
9 |k -11967]|k$ -2,785]k$ 13,563 | k$ -9,913| k$ -621 | k$ 15,816
10 | k$ -11,083 | k$ -1637|k$ 15285]|k$ -9,521 | k$ 39| k$ 17,082
11 | k$ -10,513 | k$ -877 | k$ 16,473
12 | k$ -10,145| k$ -373 | k$ 17,292
13 | k$ -9,907 | k$ - k$ 17,857
14 (ks -9754|ks é%)m 18,246
15 | k$ -9655|k$ / 3274k$ 18515
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11.6. Sensitivity analysis

As can be seen in table 11.6, using current EO and MEG prices the EO/MEG process is
economically viable. However, it is based on current EO/MEG prices and estimated
EO/MEG production rates. Without going too deeply into the matter, possible future
scenarios are disappointing production rates, decrease of sales prices, increase of raw
material prices, etc.

The cash flow is a very important measure of profitability. Its calculation is also very
easily made. Therefore in the following analysis this is taken as the main measure for
profitability.

Table 11.7 Sensitivity analysis (only ethylene, oxygen and methane have been considered as raw
materials)

OPEX —|Sales Cashflow

Normal case Yk$ 174812 | k$ 245567 | k$ 70,755
Production decrease of 10% Yk$ 1748121k$ 221,010 | k$ 46,198
Sales price decrease of 10% k$ 174,812 | k$ 221,010 | k$ 46,198
Sales price and production decrease of 10% k$ 174,812 | k$ 198,909 | k$ 24,097
Raw material price increase of 10% k$ 185820 | k$ 245567 | k$ 59,647
Sales price and production decrease of 10% k$ 185,920 | k$ 198,909 | k$ 12,989
and a raw material price increase of 10%

In all cases the cash flow remains positive, not accounting for taxes, costs of loans, etc.
This means the process is still making money. The process is thus very stable.
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12. Conclusions and Recommendations

This document presents the conceptual design of an EO/MEG manufacturing plant,
producing 100,000 t/a direct sales-Specification EO and 200,000 t/a fiber grade MEG.
The design must be economlcally and technologically feasible, based on state-of-the-art
technology, while not discarding the value of proven technology.

After literature research, a Shell/CRI based EO production plant and a Mitsubishi 2-step
MEG production plant were selected. The most important advantages of such a design
are high selectivity and minimal energy consumption. The absence of water as absorbent
is responsible for effective energy usage, while the 2-step MEG production without large
excesses of water emlw than conventional processes. Anti-freeze
grade MEG or higher order ethylene glycols are not produced in any significant amount.
At first sight, this design seems to consume a substantial amount of steam compared to
other designs by Scientiflé;esign which produce a large amount of steam. This design

was expected to producgsteam as well. This difference in steam production is due to a
much lower, ?2/A: in the designs vs. 86% of this design, selectivity and thus more
ethylene combustion of those designs. ‘
The deliverables, a flow sheet simulation, mass and heat balances, major equipment sizing
and cost estimation, and limited safety analysis, are all complete. The flow sheet diagram
is included in appendix 1, mass and heat balances are presented in chapter 7, and the p]ant /
economics in chapter 11. //
The fixed capital calculated is 138 million USD. Annual raw material costs are 116
million USD. Annual utility costs are 12 million USD. Total annualxp"oductlo costs are
175 million USD. Income from the sales of EO and MEG products/is nillion USD
annually. The annual margin is thus 71 million USD; this results in a_payback time of just
under 2.5 years, a sound economic plan. A stability analysis shows that possible
fluctuations in prices and production do not have lethal influence on the economic
prospects of this design.

Most information contained in this conceptual design is based either on basic engineering
insight, or information available in the public domain, notably patent literature for the
manufacturing processes. Although such literature and ipSight may occasionally not be
wholly true, much effort has been made to verify the information that has any significance
for this design. Therefore, the designers feel that the/Zjlcepts herein laid out are a good
basis for a detailed design.

f"
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13. List of Abbreviations

BFW
BOD
CAPEX
CwW
CHW
DCFRR
DEG
EC
EG
EO
EP
F&EI
HPS
HSS
IBP
LE
LPS
MAINTEX
MEG
Mmt
MPS
Mt/a
NFW
NPW
OPEX
OSBL
PC

PE
POT
PRV
PVDF
PFD
RC
ROI
ROR
t/a

TC
TEG

Boiler feed water
Basis of design
Capital expenses
Cooling water
Chilled water

Discounted cash flow rate of return

Diethylene glycol
Ethylene carbonate
Ethylene glycol
Ethylene oxide
End point

The Dow Fire and Explosion Index

High pressure steam
High selection switch
Initial boiling point
Level controller

Low pressure steam
Maintenance expenses
Monoethylene glycol
Mega metric tons
Medium pressure steam
Millions of metric tons/year
Net future worth

Net present worth
Operational expenses
Outside battery limit
Pressure controller
Propylene carbonate
Pay out time

Pressure relieve valve
Polyvinylidenedifluoride
Process flow diagram
Ratio controller

Return on investment
Rate of return

Metric tons/year
Temperature controller
Triethylene glycol
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Desi s

Process Flow Scheme

E201: Preheater R201
E202: Preheater R202
E203: Preheater R203

P201: EO Feed Pump

P202: Liquid phase Pump $202
P203: Water Pump

P204: Liquid phase Pump S201
P205: Liquid phase Pump R202

R201: Carbonate Reactor
R202: Pri. MEG Reactor
R203: Sec. MEG Reactor
5201: CO2 Flashdrum
$202: Flashdrum

TC: Temperature controler
PC: Pressure controler
RC: Ratio controler

FC: Flow controler

FT: Flow measureAransmit
HSS: High selection switch
CW: Cooling water

CHW: Chilled water

BFW: Boiler feed water

Frank Sheldon

Flip Kleyn van Willigen
Raoul Boucke

Menno Sorgedrager

Project:

Section:
Project ID:

Stream number:

Completion date:
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CPD 3244 / P80511 CA30

January 1%t 2000
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TR RS )




Ethylene Oxide and Ethylene Glycol from Ethylene
MEG Purification Section

CO, To EO
Reaction Section

(GE€)

gL CO, Water
s Aldehydes (V)
V-Effluent from 8 ,g\ i
MEG Reaction Section 7. & \ \W@{c}
5301 v ¢
| Water
ap e Aldehydes (L)

' Discharge gas
vacuum  column

_____ L
| ' \ >
ow
; & '
‘ - % < MEG
' L4 (Fiber grade)
.
L-Effluent from . 4% 0. |
MEG Reaction Section 4 _—_—
@113 @) @) erv
\[/cam o | e e
> (T; é 06 0 ok
L@
C’ @& HP Steam
: ca2 £303
i = Heavy
’ ~—t
; —Qm‘ Df Components
Ry PO, .00k oot ]
@)
. Absorbent To
7 EO Reaction Section \h
%
Unit Operation summary Abbreviations Designers Process Flow Scheme
C301: Water Removal K301: Vacuum compressor C301 S§301: CO2 Flashdrum TC: Temperature controler | Frank Sheldon Project: Integrated MEG and EO production from ethylene and purified
C302: MEG Purification K302: Vacuum compressor C302 V301: V/L Seperator C301 PC: Pressure controler Flip Kleyn van Willigen
Reboiler C301 P301: Reflux pump C301 V302: VIL Seperator C302 RC; Ralla; controler Raoul Boucke Sygen
Condenser C301 P302: Reflux pump C302 ’ FC: Flow controler Menno Sorgedrager Section: MEG Purification Section
E303: Reboiler €302 P303: MEG Pump "‘”‘”’"‘"‘“"d".""‘i’:;‘ = Project ID: CPD 3244 / P80511 CA30
E304: Condenser C302 P304: Heavy component Pump : st Completion date: January 1% 2000
P305: Raw MEG Pump CHW: Chilled water Stream number: aD Temperature (C): X Pressure (Bar):@
LBFW. Boller feed water
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EO Reaction Section
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Unit Operation summary Abbreviations Designers Process Flow Scheme
C401: Raw EO Stripper E403: Post-Cooler K402/403 E410: Reboiler C405 P402: Reflux Pump C404 TC: Temperature controler | Frank Sheldon Project: Integrated MEG and EO production from ethylene and purified
C402: Sec. EO Absorber E404: Absorbent Cooler K401: EO Pri. Compressor P403: Bottom Pump C402 :‘éi :':J!W'mﬂ"mrvm Flip Kleyn van Willigen oxygen
C403: Sec. EO Stripper E405: Reboiler C403 K402: EO sec.Compressor P404: absorbent Pump 0 conroler Raoul Boucke : i
C404: Heavy end Seperator E408: Reboiler C404 K403: EO Recycle Compressor P405: Bottom Pump C405 ig;;;:wm::;"u:‘:';:mm" Menno Sorgedrage Secﬁon_ s Ethylene Oxide Purification section
C405: Light end Seperator E407: Codenser C404 K404: Raw EO Pri. Compressor  V401: VIL Seperator C404 HISS: Figh seledtion - swich Project D CPD 3244 / P80511 CA30
E401: Reboiler C401 E408: Post-Cooler K404 K405: Raw EO Sec Compressor CW: Cooling water Completion date: January 1% 2000
E402: Post-Cooler K401 E409: Post-Cooler K405 P401: Absorbent Pump CHW: Chilied water Stream number: @D Temperature (C): (] Pressure (Bar): (3)
BEW. Boller feed water




Appendix 2 - FEEDSTOCK SPE(;IFICATIONS

i wr—— e

e Ethylene

Source: Pipeline from OSBL \
Pressure at battery limits (kg/cm’g min) }
Price, US$/MT N

Analysis—
ethylene, ¥0l% min.
Ethane, vol% max.

Hydrogen, vol ppm max.

Cs', vol ppm max.

Acetylene, vol ppm max.
Carbon monoxide, vol ppm max.
Carbon dioxide, vol ppm max.
Oxygen, vol ppm max.

Sulphur (H,S), vol ppm max.
Methanol, vol ppm max.

water, vol ppm max.

Chlorine (Cl), vol ppm max.

« Oxygen

Source: Pipeline OSBL
Pressure at battery limits (kgfcng min)
Price, US$/MT

Analysis
Oxygen, vol% min.
Nitrogen + Argon, vol% max.

¢ Methane

Source: Pipeline OSBL

Pressure at battery limits (kgicng min)
Price, US$/MT

Analysis
Methane, vol% min.
Ethylene, vol% max.
Hydrogen, vol% max.
Ethane, vol% max.
Carbon monoxide, vol% max.
Cs', vol% max.
Acetylene, vol ppm max.
Sulphur compounds, wt ppm, max.
Halogen compounds, vol ppm, max

A

) LS

25
520

99.9
0.05

27
50

99.8
0.2

25
120

90.0
10
5.0
1.0
1.0
0.1
100



Appendix 3 - PRODUCT SPECIFICATIONS

e Fibergrade monoethylene glycol (MEG)

Market value, US$/MT
Appearance

Specific gravity at 20/20 °C
MEG content, wi% min.
DEG content, wt% max.
Water, wt% max.

Acidity (as acitic), wt% max.
Chlorides (ClI), wt% max.
Iron, wt ppm max.

Ash, wt% max.

aldehydes (formaldehyde), wt ppm max.

Color, Pt-Co units
Before heating
after 4 hours boiling
Destillation range at 760 mm. Hg
IBP, °C min
EP, °C max.
Vol% range, °C max.

e Ethylene oxide (EO)
Market value, US$/MT
Appearance

Purity, wt% min.

Color, APHA max.

Carbon dioxide, wt% max.
Water, wt% max. T

Aldehydes (acetaldehyde), wt ppm max.

Acidity, wt ppm max.
Residue, wi% max.

e Diethylene glycol (DEG)

Market value, US$/MT

Appearance

Specific gravity at 20/20°C

DEG content, wt% min.

MEG content, wt% max.

TEG content, wt% max.

Water, wt% max.

Acidity (as acetic), wt% max.

Ash, wt% max.

Color, Pt-Co units max.

Destillation range at 760 mm. Hg
IBP to DP

Cférzwgizﬁi__éisaiz

56 flan .

650
Clear, colorless
1.1151 to 1.1156
99.8

0.05

0.05

0.005

0.1

0.1

0.001

8

5
10

o 196.0
\qy. ]
V> 1090

1.0

1080

Clear, colorless
99.99

5

0.001

—0.005

10

20

0.001

551

Clear, colorless
1.117 to 1.120
99.8

0.05

0.05

0.1

0.005

0.005

10

4°C including 246°C



Appendix 4 - UTILITY SPECIFICATIONS

e Steam
Price, US$/MT

High pressure ( for start up), kg/cm’g min

High pressure, kg/cm’g min
Medium pressure, kg/cm’g min
Low pressure, kg/cm’g min

e Power

Price, US$/kWh

1 to 225 kilowatts, volts
above 225 kilowatts, volts

e Cooling water
Price, US$/M>

Supply pressure at grade, kglcng_

Return pressure at grade, kg:'cng
Inlet temperature, °C
Temperature difference, °C

e Process water
Price, US$/nM>
Quality

Pressure, kg/cm’g
Temperature

pH, units
Conductivity, p€/cm
SiO,, wt ppm max.

¢ Nitrogen

Price, US$/nM°
Pressure, kg/cm’g
Temperature

Purity, vol% min.
Oxygen, vol ppm max.

e Instrument air
Price, US$/NM?
Pressure, kg:’cng
Temperature
Quality

Dew point, °C

CATALYST SPECIFICATIONS

/
o EO catalyst
Price, US$/MT >3
composition
shape
bulk density (kg/MT)

+ MEG catalyst
Price, US$/NM’
Catalyst
composition
Shape

32
25
14

0.04
415
6600

0.02

33
10

Demineralized
5

Ambient
7.5t085
0.5t01.0

0.1

0.02

7
Ambient
99.9

10

0.02

5

Ambient
Dry, Oil-free
-40

silver on alumina catalyst
Spherical pariicles
850

Dow MSA-1
Tributylmethylamonium chloride
resin on spherical particles



Appendix § - Catalyst Selection

Company date patent # selectivity conversion conversion modifier=inhibitor promoter lifetime diluent/inhibitor ratio surface area  porosimetry ' ) support

ethylene oxygen m*2/g B.E.T.
ICI 16/8/89 357292| Discarded - ethylene concentration must be higher than 35 vol%, which is higher than our anticipated process conditions
ICI 14/1/82 57066| 76.3-76.2 5-20% 40% | Cl, best=(m)ethyl chloride or VC |K, Rb, Cs 90 days tested ethane/cl: 5000, 2.4% vol 1.5:5 Hg: 35-65%, .3-4 mu, bimodal pore size dist. |alpha alumina
Mitsubishi 25/9/96 764464 A2 81.6 40% Li Cs 7 days tested .9-1.55 H20: 33-43%, 1.1-1.4 mu alpha alumina, 0-6% Si
Mitsubishi 4-12-1994 1624398 A1 83 40%|VC 4 ppm, 6% CO2 W, Cs, Na 7 days tested 1.02 H20: 34.54%, .01-.4 mu alpha alumina, Si
Mitsubishi 5-8-1987 1247414 A2 82.1 ethylene dichloride Na, K, Rb, Vs .6-2 H20: 20-50% alpha alumina, .5-12% Si
Nippon Shokubai|25/8/99 937498 A1 81 10 Cs only alpha alumina
Scientific Design |4-11-1999 [99/11367 | 81.5-84.1]160 kg EO/hr/mA3 kat Cs, S, F, (P, Sb, Bi) 51.3 Hg: 20-70 % alpha alumina, <15% Si
Scientific Design |4-11-1999 [99/11370 | 84.6,83.8|160kg/hr/mA3 kat Cs F S, Ge, Sn 5-1.3 Hg: 20-70 %
Scientific Design |4-11-1999 |99/11371 ~84.3]|160kg/hr/m*3 kat Cs, F S, Lanthanide (La, Ce, Pr, Nd, Sm, Eu, Gd, Tb, Dy, Ho, Er, Tm, Yb, Lu) [.5-1.3 Hg: 20-70 %
Shell 3-2-1999  195/05896 |Only startup ethyl chloride 10 hrs H20: 46%, 6.2 mu alpha alumina, .8% Si
Shell 5-9-1996  |96/13329 85 40% [ethyl chloride Cs,Re, P, B 2-3 days 1-3 H20: 75% alpha alumina,
Shell 5-11-1994 (625370 A1[86% Initial, decrease measured ethyl chloride Cs, (Gd, Ce, Yb) .42-.51 H20: 37%, 3.4 mu alpha alumina, 1.3% Si
Shell 17/1/192 496470 A1| 86 (ex2) ethyl chloride 100 days, dec. to 80% alpha alumina, 1.3% Si
Shell 30/10/87 266015 86 VC 4.5-5.5 ppm 60, sel. const! 0.42 H20: 36%, Hg:2.7 mu alpha alumina, 2% Si
ucc 10-4-1982 | 76504 A1 71-75 ethyl chloride alpha alumina, .74% Si




Appendix 5 - Catalyst Selection

‘)\ 7 SR— - e s oot RS 5 S . )
§Company L wt% Ag ; Li Cs ‘Others ethylene/O2 ratio Fdiluent T ‘P |
§ i i } mole % : '1‘ | Celsius bar
ICl : il ‘
ICI 6-28 .05-100 40-70% methane, .3-5% ethane |201-207
Mitsubishi 8-20% 500-900 ppm, in 2 steps |300-800 ppm, in 2 steps 35 1-70% methane or N2 227-236 8 LiVCs .1:1-4:4 wt% Hydrocarbon halide, .1-50 ppm, prevents hot spots
Mitsubishi 5-50% 250-2000 ppm W:5-700 ppm, Na: 92 ppm 3.50, 60% N2 235-255 4 rings? Saddle's? High conversion |Other metals, see source
Mitsubishi Na: 0.8-2% 215 15 Carrier (Si) and Na analysis
Nippon Shokubai 2.69 240 20 Carrier must be washed with H20
Scientific Design [8-15% 600 ppm S: 34 ppm, Best with Sb: 130 ppm 78% N2+CO2 240 20.5 Equivalent diam. 4-8mm for supports
Scientific Design 640,580 F:180,75, S:34,34, Ge:75,0, Sn:0,125 N2, CO2 240 204
Scientific Design 600-800 F:75,S: ~40, Lan:175 N2, CO2 240 20.4
ld Bhei s = " -
Shell X \J 340,460 Re: 280, P:10,31,B:4 42 3.53 5% CO2, 54.5 % N2 230 16.5
Shell 430,460 Re:280, S:48, Rare earth:&o 3.53 5% CO2, 54.5 % N2 15.5
Shell 13—14%\ . |1.5-2+4 umol/g 500-700 Re: 1.5-2 umol/’g 353 5% CO2, 54.5 % CH4 . 250-265 15.5 Check exact specs of ex2
Shell 135 500 Re: 260, S:35 = 3.53 7% CO2, 54,5% N2 250-256 145 ex 10
uce 13.1 .00906 wt% K:.00268wt% 0.75 . N2 250-260




Appendix 6 - Stream Report

vl ouT

101 102 103 104 105 106 107 108 109 110 111 112 113 114 115 116 117 118 119 120 121 124 125 126 127 128 129 130 131 132
Tenmmgﬁ__/ 25.0 25.0 25.0 34.2 34.1 34.0 109.7 220.0 2400 180.0 110.0 43.0 227 227 26.0 227 35.1 27 227 58.4 100.0 422 116.7 117.2 200 100.0 2048 58.4 58.4 58.4
P atm 25.0 250 250 220 220 220 220 220 19.9 19.9 19.9 19.9 200 20.0 20.0 200 220 200 20.0 200 200 200 100 200 20.0 10.0 200 20.0 20.0 200
Vapor Frac 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 l 1.00 1.00 1.00 1.00 1.00 1.00 1.00 0.00 0.00 0.00 0.00 0.00 1.00 1.00 0.94 0.94
Mole Flow kmolhr 861 90 721 35599 35690 36410 36410 36410 36056 36056 36056 36056 34962 32340 34738 32200 34738 iQ 2622 2538 455 18715 17621 17621 17621 9243 632 455 224 47
1Mass Flow kgfhr 24150 1449 23073 777618 779067 802140 802140 802142 802142 802142 802142 802142 762255 705086 2 753468 702054 753468 3032 57169 51414 20024| 1148270| 1108380| 1108380| 1108380 583963 24526 20024 9406 851

Mass Flow kgisec 6.7 04 6.4 216.0 2164 2228 2228 2228 2228 2228 2228 2117 195.9 209.3 195.0 209.3 X 15.9 143 56 319.0 307.9 3079 307.9 182.2 6.8 56 26 0.2
Volume Flow cum/hr 871 102 832 40751 40853 41695 53629 58992 76293 67064 55987 44876 40292 37270 40800 37110 38063 160 3022 3450 897 1283 1007 1008 929 670 1220 488 229 1
Enthalpy GJhr 44.30 £.77 -0.13| -2230.47| -2237.23| -2237.36| -2 -1938.01| -2133.13| -2239.44| -2354.28| -2460.99| -2371.55| -2193.68| -2285.78| -2184.25| -2274.76 -9.43 -177.87 -101.53 -177.72| -8294.94| -7971.55| -7970.36| -820548| -4212.69 -198.32 -177.68 -48.85 -48.85
Densitx kg/cum 28 14 28 19 19 19 15 14 11 12 14 18 19 18 18 18 19 18 18 14 29 895 1100 1100 1194 1120 18 41 41 1000
Mass Flow kghr

EO 03 0.3 03 03 03] 314941 314941 314941 314941 03 0.3 03 0.3 0.3 0.0 0.0 0.0 314938 0.0 0.0 0.0 < 0.001

MEG 139.9 1399 139.9 139.9 139.9 114 105 1399 105 1399 0.0 0.9 1294 472552 1| 472563.5| 472563.5| 472563.5| 234039.1 1286

ETHYLENE & 24149.7 233206.7| 233206.7| 233206.7| 233206.7| 233206.7| 209886.0| 209886.0| 2098860 209886.0| 208396.9| 192767.1| 209057.0| 191938.2| 209057.0 AE289 156298 171188 2089.1 599.9 599.9 599.9 5999 1489.1

WATER 465.5 4655 465.5 465.5 465.5 4780.5 47805 47805 4780.5 456.8 4225 465.5 420.7 465.5 1.8 343 44.8 66433.8 62110.1 621101 62110.1 32868.5 BE61.4 850.8

METHANE = 1449.0 362808.6| 364257.6| 364257.6| 364257.6| 364252.6| 3642526 364252.6| 3642526| 364252.6| 363569.6| 336301.9| 362808.6| 334855.8| 3628086 mi446.1 27267.7 279528 798.0 113.0 113.0 113.0 113.0 685.1

OXYGEN 23016.3 58373.2 58373.2 813896 81389.6| 813972 58606.7 58606.7 58606.7 58606.7 58517.5 54128.7 58373.2 53895.9 58373.2 2328 43888 44773 100.2 1.7 1.7 117 1.7 B8.5

ARGON 56.7| 14190.0| 14190.0{ 142466 142466 142466 142466| 142466| 142466| 142466| 142257| 13158.8| 141900( 131022| 141900 56.6 1066.9 1087.8 236 27 27 27 27 208

EC 3.0 3.0 30 3.0 30 3.0 3.0 3.0 3.0 1.5 14 3.0 14 3.0 0.0 0.1 16 566776.9| 5667754| 5667754| 5667754 3118904 15

coz 108430.0| 108430.0( 108430.0| 108430.0| 108429.8| 118871.9| 118871.9| 118871.9| 118871.9| 117075.7| 108295.0 108430.0| 107829.3| 108430.0 465.7 8780.7 6006 20024.5 44969 2700.5 27005 2700.5 27005 21250.B| 200245 9406.0

DEG 0.4 04 0.4 0.4 04 04 04 04 0.4 0.0 0.0 04 0.0 0.4| <0001 0.0 0.4 3507 .4 3507.0 3507.0 3507.0 17371 0.4

ACETA 0.1 0.1 0.1 0.1 0.1 0.2 0.2 0.2 0.2 0.1 0.1 0.1 0.1 0.1] <0.001 0.0 0.0 0.2 | 041 0.1 0.1 0.1 0.0
Mass Frac

EO 384 PPB| 383PPB| 372PPB| 2372PPB| 372PPB 0.039 0.039 0.039 0.039| 393PPB| 393PPB| 396 PPB| 393PPB| 396 PPB| 393PPB| 393 PPB| 446 PPB 0.027| 14PPB 14PPB | 14PPB 18 PPB

MEG 180 PPM| 180 PPM| 174 PPM| 174 PPM| 174 PPM 15 PPM 15PPM| 186PPM| 15PPM| 186 PPM| 15PPM 15 PPM 0.003 0412 0.426 0.426 0.426 0.401 0.005

ETHYLENE 1.000 0.300 0.299 0.291 0.291 0.291 0.262 0.262 0.262 0.262 0273 0.273 0277 0.273 0277 0.273 0.273 0.333 0.002] 541 PPM| 541 PPM| 541 PPM 0.001 0.061

WATER 599 PPM| 597 PPM| 580 PPM| 580 PPM| 580 PPM 0.006 0.006 0.006 0.006| 599 PPM| 599 PPM| 618 PPM| 599 PPM| 618 PPM| 599 PPM| 599 PPM| 871 PPM 0.058 0.056 0.056 0.056 0.056 0.035 1.000

METHANE 1.000 0.467 0.468 0.454 0.454 0.454 0.454 0.454 0.454 0.454 0477 0477 0.482 0.477 0.482 0477 0.477 0.544 695 PPM| 102PPM| 102PPM| 102 PPM| 193 PPM 0.028

OXYGEN 0.998 0.075 0.075 0.101 0.101 0.101 0.073 0.073 0.073 0.073 0.077 0.077 0.077 0.077 0.077 0.077 0077 0.087 87 PPM 11 PPM 11 PPM 11 PPM 20 PPM 0.004

ARGON 0.002 0.018 0.018 0.018 0.018 0.018 0.018 0.018 0.018 0.018 0.019 0.019 0.018 0.019 0.019 0.019 0.019 0.021 21 PPM 2 PPM 2PPM 2PPM 5PPM 850 PPM

EC 4 PPM 4 PPM 4 PPM 4 PPM 4 PPM 4 PPM 4 PPM 4 PPM 4 PPM 2PPM 2PPM 4 PPM 2PPM 4 PPM 2PPM 2PPM 31 PPM 0.494 0.511 0.511 0.511 0.534| &1PPM

co2 0.139 0.139 0.135 0.135 0.135 0.148 0.148 0.148 0.148 0.154 0.154 0.144 0.154 0.144 0.154 0.154 0.012 1.0001 0.004 0.002 0.002 0.002 0.005 0.866 1.000 1.000

DEG 524 PPB| 523PPB| 50BPPB| 508BPPB| 508 PPB| 508 PPB| 508 FPB| 508 FPPE| 508 PPB| 22PPB 22PPB | 541PPB| 22PPB | S541PPB| 22PPB 22 PPB 8 PPM 0.003 0.003 0.003 0.003 0.003| 16 PPM

ACETA 146 PPB| 145PPB| 141PPB| 141PPB| 141PPB| 278PPB| 278PPB| 278PPB| 278 PPB| 127PPB| 127 PPB| 150PPB| 127PPB| 1s0PPB| 127PPB| 127 PPB| 472PPB 214 PPB| 107 PPB| 107 PPB| 107 PPB| 203 PPB| 694 PPB
Mole Flow kmolthr

EOQ 0.0 0.0 0.0 0.0 0.0 7148 71489 7149 7149 0.0 0.0 0.0 0.0 0.0 <0.001 0.0 0.0 714.9| =0.001 < 0.001 <0.001 < 0.001

MEG 23 23 23 23 23 0.2 0.2 23 0.2 23 00 0.0 21 76134 76136 76136 7613.6 37707 21

ETHYLENE 860.8 83129 83129 83129 83129 83129 74816 748186 74816 74816 74285 6871.3 74520 6841.8 7452.0 285 557.1 610.2 745 214 214 21.4 214 531

WATER 258 258 258 258 258 2654 2654 2654 2654 254 235 258 234 258 01 19 25 3687.6 34476 34476 34476 18245 47.8 47.2

METHANE 903 22615.1 227054 227054 227054 227051 227051 227051 227051 227051 22662.5 20962.8)| 226151 20872.7 226151 90.1 1699.7 17424 49.7 7.0 7.0 7.0 7.0 427

OXYGEN 7193 1824.2 1824.2 25435 25435 25438 1831.5 18315 18315 18315 1828.7 1691.6 1824.2 1684.3 1824.2 73 137.2 1399 31 04 04 04 04 28

ARGON 14 355.2 355.2 356.6 356.6 356.6 356.6 356.6 3566 3566 356.1 329.4 355.2 3z28.0 355.2 1.4 26.7 272 06 0.1 0.1 0.1 01 0.5

EC 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 00 0.0 0.0 0.0 0.0| <0.001 0.0 0.0 6436.0 6436.0 6436.0 6436.0 3541.7 0.0

co2 24638 24638 2463.8 2463.8 24638 2701.0 2701.0 2701.0 2701.0 2660.2 2460.7 2463.8 24501 24638 10.6 199.5 136 455.0 102.2 61.4 614 61.4 61.4 4829 455.0 2240

DEG 0.0 0.0 0.0 0.0 0.0 0.0 00 0.0 0.0| <0.001 <0.001 00| <0.001 0.0 trace < 0,001 0.0 331 33.0 330 33.0 16.4 0.0

ACETA 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 trace < 0.001 0.0 0.0 0.0 0.0 0.0 0.0 <0.001
Mole Frac

EO 190 PPB| 190PPB| 186 PPB| 186 FPB| 186 PPB 0.020 0.020 0.020 0.020) 194PPB| 194 PPB| 195PPB| 194 PPB| 195PPB| 194PPB| 194 PPB| 205 PPB 0038 20PPB| 20PPB| 20PPB 16 PPB

MEG 63 PPM 63 PPM 62PPM | 62PPM 62 PPM 5PPM 5PPM 65 PPM 5PPM 65 PPM 5PPM 5 PPM 822 PPM 0.407 0.432 0.432 0.432 0.408 0.003

ETHYLENE 1.000 0.234 0.233 0.228 0.228 0.228 0.207 0.207 0.207 0.207 0212 0.212 0.215 0.212 0.215 0.212 0.212 0.240 0.004 0.001 0.001 0.001 0.002 0.084

WATER 726 PPM| 724 PPM| 710 PPM| 710PPM| 710 PPM 0.007 0.007 0.007 0.007| 725PPM| 725PPM| 744 PPM| 725PPM| 744 PPM| 725PPM| 725PPM| 979 PPM 0.197 0.196 0.196 0.196 0.197 0.076 1.000

METHANE 1.000 0.635 0.636 0.624 0624 0.624 0.630 0.630 0.630 0.630 0.648 0.648 0.651 0.648 0.651 0.648 0.648 0.687 0.003| 400 PPM| 400 PPM| 400 PPM| 762 PPM 0.068

OXYGEN 0.998 0.051 0.051 0.070 0.070 0.070 0.051 0.051 0.051 0.051 0.052 0.052 0.053 0.052 0.053 0.052 0.052 0.055 167 PPM| 21 PPM 21 PPM 21 PPM 40 PPM 0.004

ARGON 0.002 0.010 0.010 0.010 0.010 0.010 0.010 0.010 0.010 0.010 0.010 0.010 0.010 0.010 0.010 0.010 0.010 0.011 32 PPM 4 PPM 4 PPM 4 PPM 7 PPM 826 PPM

EC 949 PPB| 947 PPB| 928 PPB| 928PPB| 928 PPB| 937 PPB| 937 PPB| 937 PPB| 937 PPB| 483PPB| 483 PPB| 973PPB| 483PPB| 973PPE| 483PPB| 483 PPRB 7 PPM 0.344 0.365 0.365 0.365 0.383| 27 PPM

cOz 0.069 0.069 0.068 0.068 0.068 0.075 0.075 0.075 0.075 0.076 0.076 0.071 0.076 0.071 0.076 0.076 0.005 1.000 0.005 0.003 0.003 0.003 0.007 0.764 1.000 1.000

DEG 108 PPEB| 108PPB| 106 PPB| 106 PPB| 106 PPB| 107 PPB| 107 PPB| 107 PPB| 107 PPB 4 PPB 4 PPB 111 PPB 4 PPB 111 PPB 4 PPB 4 PPB 1PPM 0.002 0.002 0.002 0.002 0.002 & PPM

ACETA 72 PPB 72PPB 71 PPB 71 PFB T1PPB | 141PPB| 141 PPB| 141PPB| 141 PPB| 63PPB 63 PPB 74 PPB 63 PPB 74 PPB 63 PPB 63 PPB | 217 PPB 297 PPB| 153PPB| 153PPB| 153PPB| 291PPB| 611 PPB

™~ h '
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oot 00T By 0T
301 302 304 305 306 307 308 309 310 311 312 313

Temperature C 125.0 145.6 129.8 129.8 132.3 132.3 14.000 164.4 1323 132.9 125.0 14.000
Pressure atm 9.5 9.5 1.0 0.1 0.1 0.1 0.100 0.1 0.1 10.0 95 0.100
Vapor Frac 0.00 0.00 0.00 0.00 0.00 0.00 1.000 0.00 0.00 0.00 1.00 0.000
Mole Flow kmol/hr 1 1084 414 414 867 416 45 2 451 451 232 172
Mass Flow kg/hr 45 58199 25666 25666 53908 25876 1152 210 28032 28032 9732 3139
Mass Flow kg/sec 0.0 16.2 71 74 15.0 7.2 0.3 0.1 7.8 7.8 27 0.9
Volume Flow cum/hr 0 59 25 25 53 26 9961 0 28 28 780 3
Enthalpy GJ/hr -0.35 -442.89 -182.85 -182.86 -383.16 -183.92 -14.153 -1.21 -199.25 -199.20 -87.40 -48.790
Density kg/cum 823 991 1013 1013 1010 1010 0 930 1010 1010 12 978
Mass Flow kg/hr

EO

MEG 40.9|] 53524.7| 25640.5| 25640.5| 53471.2| 25666.2 25.7| 27805.00 27805.0 108.5 53.5
ETHYLENE <0.001 0.1 trace trace 0.1 trace trace 2.1

WATER 3.6 3694.0 10.6 10.6 22.2 10.6 586.4| trace 11.5 116 341.8 30854
METHANE trace 0.0 trace trace 0.0 trace trace 0.1

OXYGEN trace <0.001 trace trace < 0.001 trace trace 0.0

ARGON trace < 0.001 trace trace <0.001 trace trace 0.0

EC 0.0 18.5 3.8 3.8 18.5 8.9 5.1 9.6 96 0.0

co2 0.5 565.5 trace trace 565.5 trace trace 9279.5

DEG 0.2 395.9 11.0 11.0 395.9 190.0 179.0 205.9 205.9 0.2

ACETA trace 0.0 trace trace trace trace 0.0 0.0
Mass Frac

EO 0.000 0.000
MEG 0.906 0.920 0.999 0.999 0.992 0.992 0.000 0.122 0.992 0.992 0.011 0.017
ETHYLENE 999 PPB 1 PPM trace trace 0.000 trace trace 214 PPM 0.000
WATER 0.079 0.063| 415 PPM| 415 PPM| 411 PPM| 411 PPM 0.509| trace 411 PPNi| 411 PPM 0.035 0.983
METHANE 22 PPB 23 PPB trace trace 0.000 trace trace 14 PPM 0.000
OXYGEN 1 PPB 2PPB trace trace trace trace 1 PPM 0.000
ARGON trace trace trace trace trace trace 279 PPB 0.000
EC 140 PPM| 318 PPM| 147 PPM| 147 PPM| 343 PPM| 343 PPM 0.000 0.024| 343 PPM| 343 PPM| 309 PPB 0.000
co2 0.010 0.010 trace trace 0.491 trace trace 0.953 0.000
DEG 0.005 0.007| 429 PPM| 429 PPM 0.007 0.007 0.000 0.853 0.007 0.007| 21 PPM 0.000
ACETA 37 PPB 35 PPB trace trace 0.000 trace trace 353 PPB 0.000
Mole Flow kmol/hr

EO

MEG 0.7 862.4 413.1 4131 861.5 413.5 04 448.0 448.0 1.7 0.9
ETHYLENE trace 0.0 trace trace 0.0 trace trace 0.1

WATER 0.2 205.0 0.6 0.6 1.2 0.6 32.5| trace 0.6 0.6 19.0 171.3
METHANE trace < 0.001 trace trace <0.001 trace trace 0.0

OXYGEN trace trace trace trace trace trace trace < 0.001

ARGON trace trace trace trace trace trace trace < 0.001

EC <0.001 0.2 0.0 0.0 0.2 0.1 0.1 0.1 0.1 <0.001

co2 0.0 12.8 trace trace 12.8 trace trace 210.9

DEG 0.0 3.7 0.1 0.1 3.7 1.8 1T 1.9 1.9 0.0

ACETA trace < 0.001 trace trace < 0.001 trace trace < 0.001
Mole Frac

EO 0.000 0.000
MEG 0.758 0.795 0.998 0.998 0.994 0.994 0.000 0.192 0.994 0.994 0.008 0.005
ETHYLENE 2 PPM 2 PPM trace trace 0.000 trace trace 321 PPM 0.000
WATER 0.228 0.189 0.001 0.001 0.001 0.001 0.717| trace 0.001 0.001 0.082 0.995
METHANE 70 PPB 76 PPB trace trace trace trace 37 PPM 0.000
OXYGEN 2 PPB 3 PPB trace trace trace trace 2 PPM 0.000
ARGON trace trace trace trace trace trace 293 PPB 0.000
EC 83 PPM | 194 PPM| 104 PPM| 104 PPM| 243 PPM| 243 PPM 0.000 0.027| 243 PPM| 243 PPM| 147 PPB 0.000
Co2 0.012 0.012 trace trace 0.283 trace trace 0.910 0.000
DEG 0.002 0.003| 251 PPM| 251 PPM 0.004 0.004 0.000 0.782 0.004 0.004] 9PPM 0.000
ACETA 44 PPB 42 PPB trace trace trace trace 336 PPB 0.000
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Appendix 6 - Stream Report

J_« VR at oot
/ / f I
401 402 403 404 405 { 405 \tmh 408 409 | 410 411 412 413 414 416 (417 | 418 419 420 421 422 423 424 425 426
Temperature C 41.8 61.2 133.7 155.7 130.8] 503 ~—2238 137.9 56.8] “_611 55.8 107.0 135.8 137.1 43.0] —10956 120.6 29.2 110.9 46.6 100.0 43.0 43.0 107.9 43.0
Pressure atm 20.0 1.0 25 10.0 10.0 10.0 0.5 2.5 25 5.0 5.0 10.0 1.0 10.0 10.0 0.5 20 2.0 10.0 10.0 10.0 2.5 10.0 5.0 5.0
Vapor Frac 0.00 1.00 1.00 1.00 1.00 0.00 1.00 1.00 1.00 0.00 1.00 1.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 1.00 0.00 1.00 0.19 1.00 0.09
Mole Flow kmol/hr 7711 428 428 428 694 1226 582 582 582 316 266 266 7282 7282 633 644 21 295 644 101 633 428 694 582 582
Mass Flow kg/hr 473088 16793 16793 16793 28352 65016 24922 24922 24922 13363 11559 11559 456295) 456295 40000 40094 387 12976 40094 3337 40090 - 16793 28352 24922 24922
Mass Flow kg/sec 1314 4.7 4.7 4.7 7.9 181 6.9 6.9 6.9 37 3.2 3.2 126.7 126.7 111 111 0.1 3.6 1.1 0.9 11.1 47 7.9 6.9 6.9
Volume Flow cum/hr 409 11628 5637 1433 2301 78 28008 7851 6302 16 1435 830 539 422 34 46 0 15 36 257 46 4444 365 3639 289
Enthalpy GJ/hr -3417.52 -40.79 -39.18 -38.81 -59.91 -351.88 -43.02 -39.34 -42.01 -27.72 -21.85 -21.11| -3269.47| -3268.87| -293.45| -290.87 -5.95 -22.74| -290.80 -18.15| -288.56 -41.13 -76.59 -40.39 -55.27
Density  kg/cum 1157 1 3 12 12 919 4 727 4 809 8 14 847 1081 1175 858 26 26 1106 9 1120 4 80 7 834
Mass Flow kg/hr
EO 12975.5 12975.5| 129755 129755 23194.8| 23194.8¢723194.8| 23194.8| 23194.8] 129754| 10219.3] 10219.3] <0.001 < 0.001 0.0 v~ 01| 129753 0.0 <0.001 12975.5| 23194.8| 23194.8| 231948
MEG 194691.5 217 21.7 27.7 27.7| 16058.4 29 29 29 29 0.0 0.0 194663.8| 194663.8| 16031.1| 16055. 9| <0.001 16055.6 0.3| 16031.1 ooy 27.7 29 29
ETHYLENE 860.7 860.7 860.7 860.7 1041.3 180.7 180.7 180.7 180.7| tra 180.7 180.7| trace trace 411 trace — '_,\ trace 901.8 - 411 860.7 1041.3 180.7 180.7
WATER 27370.7 6925 692.5 692.5 710.7 2954.0 402.2 402.2 402.2 384.0)) 18.2 18.2 (23%78? h 26678.2 2251.4 Cfsm ] ( 38_3.9) 0.1 2551.8 8.1 2251.4 692.5 710.7 402.2 402.2
METHANE 328.8 328.8 328.8 328.8 343.2 14.4 14.4 14.4 14.4| trace | 14.4 14.4| trace | trace 7.7| trace 1 trace 336.5 7.7 328.8 343.2 14.4 14.4
OXYGEN 41.3 41.3 41.3 41.3 425 12 1.2 1.2 1.2| trace 1.2 1.2| trace trace 0.8 trace trace 421 0.8 413 42.5 1.2 1.2
ARGON 9.7 9.7 9.7 9.7 10.0 0.3 0.3 0.3 0.3| trace 0.3 0.3| trace trace 0.2| trace trace 9.9 0.2 9.7 10.0 0.3 0.3
EC 2335121 3.9 3.9 39 39 21 6 04 0.4 0.4 0.4] <0.001 <0.001 | 233508.1| 233508.1| 21363.7 21367.2 0.4| trace 21367.2 0.0 21363.7" 3.9 39 0.4 0.4
co2 1852.7 1852.7 1852.7 1852.7 2978.0 é;} h 11252 1125.2 1125.2| trace 11252 1125.2| trace trace 185.0| ~trace » trace 2037.7 185.0 1852.7 2978.0 1125.2 1125.2
DEG 1445.1 0.0 0.0 0.0 0.0 119.0 0.0 0.0 0.0 0.0| trace trace 1445.0 1445.0 119.0| — 119.0 0.0| trace 119.0) <0.001 119.0 0.0 0.0 0.0 0.0
ACETA 0.1 0.1 0.1 0.1 0.2 0.2 0.2 0.2 0.2 0.1 0.1 0.1 trace trace 0.0 trace trace 0.1 trace 0.0 0.0 0.1 0.2 0.2 0.2
Mass Frac
EO 0.027 0.773 0.773 0.773 0.818 0.357 0.931 0.931 0.931 0.971 0.884 0.884| trace trace 381 PPB| 335PPM 1.000| 381 PPB| 135PPB 0.773 0.818 0.931 0.931
MEG 0.412 0.002 0.002 0.002| 976 PPM 0.247| 116 PPM| 116 PPM| 116 PPM| 217 PPM| 67 PPB| 67 PPB 0.427 0.427 0.401 0.400 0.007| 3PPB 0.400| 95 PPM 0.401 0.002| 976 PPM| 116 PPM| 116 PPM
ETHYLENE 0.002 0.051 0.051 0.051 0.037 0.003 0.007 0.007 0.007| trace 0.016 0.016| trace trace 0.001 trace trace 0.270 0.001 0.051 0.037 0.007 0.007
WATER 0.058 0.041 0.041 0.041 0.025 0.045 0.016 0.016 0.016 0.029 0.002 0.002 0.058 0.058 0.056( . __0:(}@ 0.991 9 PPM 0.064 0.002 0.056 0.041 0.025 0.016 0.016
METHANE 695 PPM 0.020 0.020 0.020 0.012| 222 PPM|- 579 PPM| 579 PPM| 579 PPM| trace 0.001 0.001 trace trace 193 PPM| trace trace 0.101| 193 PPM 0.020 0.012| 579 PPM| 579 PPM
OXYGEN 87 PPM 0.002 0.002 0.002 0.001| 19PPM| 50PPM| 50PPM| 50PPM trace 107 PPM| 107 PPM| trace trace 20 PPM trace trace 0.013| 20 PPM 0.002 0.001| S50PPM| 50PPM
ARGON 21PPM| 579 PPM| 579 PPM| 579 PPM| 353 PPM| 4 PPM 11PPM| 11PPM| 11PPM trace 25 PPM| 25PPM trace trace 5PPM trace trace 0.003| 5PPM | 579 PPM| 353 PPM| 11PPM| 11PPM
EC 0.494| 235PPM| 235PPM| 235PPM| 139 PPM 0.329] 15PPM| 15PPM| 15PPM| 28 PPM 1PPB 1PPB 0.512 0.512 0.534 0.533| 968 PPM| trace 0.533| 15 PPM 0.534| 235PPM| 139 PPM| 15PPM| 15PPM
cOo2 0.004 0.110 0.110 0.110 0.105 0.017 0.045 0.045 0.045| trace 0.097 0.097| trace trace 0.005| trace trace 0.611 0.005 0.110 0.105 0.045 0.045
DEG 0.003] 2PPM 2 PPM 2 PPM 1 PPM 0.002| 146 PPB| 146 PPB| 146 PPB| 272 PPB| trace trace 0.003 0.003 0.003 0.003] 9PPM trace 0.003| 143 PPB 0.003| 2PPM 1PPM | 146 PPB| 146 PPB
ACETA 214 PPB 6 PPM 6 PPM 6 PPFM 6 PPM 3 PPM 7 PPM 7 PPM 7 PPM 8 PPM 7 PFM 7 PPM trace trace 203 PPB trace 7 PPB 8 PPM trace 504 PPB| 203 PPB 6 PPFM 6 PPM 7 PFM 7 PPM
Mole Flow kmol/hr
EO 294 5 294.5 294.5 294 5 526.5 526.5 526.5 526.5 526.5 294.5 232.0 232.0( trace trace < 0.001 0.0 294.5| <0.001 < 0.001 294.5 526.5 526.5 526.5
MEG 3136.7 04 0.4 0.4 0.4 258.7 0.0 0.0 0.0 0.0 <0.001 <(0.001 3136.3 3136.3 258.3 258.7 0.0 trace 258.7 0.0 258.3 0.4 0.4 0.0 0.0
ETHYLENE 30.7 30.7 30.7 30.7 371 6.4 6.4 6.4 6.4| trace 6.4 6.4| trace trace 1.5| trace trace 321 1.5 30.7 37.1 6.4 6.4
WATER 1519.3 384 384 384 39.4 164.0 223 223 223 21.3 1.0 1.0 1480.9 1480.9 125.0 1416 213 0.0 141.6 0.5 125.0 384 39.4 22.3 223
METHANE 20.5 205 20.5 20.5 214 09 0.9 0.9 0.9 trace 0.9 0.9 trace trace 0.5 trace trace 21.0 0.5 20.5 214 0.9 0.9
OXYGEN 13 1.3 1.3 13 1.3 0.0 0.0 0.0 0.0| trace 0.0 0.0| trace trace 0.0 trace trace 1.3 0.0 1.3 1.3 0.0 0.0
ARGON 0.2 0.2 0.2 0.2 0.3 0.0 0.0 0.0 0.0 trace 0.0 0.0 trace trace 0.0 trace trace 0.2 0.0 0.2 0.3 0.0 0.0
EC 2651.6 0.0 0.0 0.0 0.0 2426 0.0 0.0 0.0 0.0/ trace trace 2651.6 2651.6 2426 2426 0.0| trace 2426 0.0 2426 0.0 0.0 0.0 0.0
CcOo2 421 42.1 421 421 67.7 256 256 256 25.6| ftrace 256 25.6| trace trace 4.2| trace trace 46.3 4.2 421 67.7 256 25.6
DEG 13.6| <0.001 | <0.001 < 0.001 < 0.001 1.1] <0.001 < 0.001 < 0.001 < 0.001 trace trace 13.6 136 1.1 1.1] <0.001 trace 1.1 trace 1.1] <0.001 | <0.001 < 0.001 <0.001
ACETA 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0] trace trace < 0.001 trace trace 0.0| trace < 0.001 < 0.001 0.0 0.0 0.0 0.0
Mole Frac
EO 0.038 0.688 0.688 0.688 0.758 0.429 0.905 0.905 0.905 0.932 0.872 0.872| trace trace 538 PPB| 138 PPM 1.000( 538 PPH| 101 PPB 0.688 0.758 0.905 0.905
MEG 0.407 0.001 0.001 0.001| 642 PPM 0.211| 80PPM| 80PPM| 80PPM| 148PPM| 47 PPB| 47PPB 0.431 0.431 0.408 0.402 0.002] 2PPB 0.402| 50 PPM 0.408 0.001| 642 PPM| 80PPM| 80PPM
ETHYLENE 0.004 0.072 0.072 0.072 0.053 0.005 0.011 0.011 0.011 trace 0.024 0.024] trace trace 0.002| trace trace 0.317 0.002 0.072 0.053 0.011 0.011
WATER 0.197 0.090 0.090 0.090 0.057 0.134 0.038 0.038 0.038 0.067 0.004 0.004 0.203 0.203 0.197 0.220 0.997| 23 PPM 0.220 0.004 0.197 0.090 0.057 0.038 0.038
METHANE 0.003 0.048 0.048 0.048 0.031| 733 PPM 0.002 0.002 0.002| trace 0.003 0.003| trace trace 762 PPM| trace trace 0.207| 762 PPM 0.048 0.031 0.002 0.002
OXYGEN 167 PPM 0.003 0.003 0.003 0.002| 32PPM| 66PPM| 66FPPM| 66PPM trace 145 PPM| 145PPM| trace trace 40 PPM trace trace 0.013| 40PPM 0.003 0.002| 66 PPM| 66 PPM
ARGON 32PPM| 568 PPM| 568 PPM| 568 PPM| 361 PPM 6 PPM 12 PPFM 12 PPM 12 PPM trace 27 PPM 27 PFM trace trace 7 PPM trace trace 0.002 7 PPM 568 PPM| 361 PPM| 12 PPM 12 PPM
EC 0.344| 105PPM| 105PPM| 105PPM| 65PPM 0.198( 7 PPM 7 PPM 7 PPM 13 PPM trace trace 0.364 0.364 0.383 0.377| 199 PPM| trace 0377 6PPM 0.383| 105 PPM| 65PPM 7 PPM 7 PPM
co2 0.005 0.098 0.098 0.098 0.097 0.021 0.044 0.044 0.044| trace 0.096 0.096| trace trace 0.007| trace trace 0.456 0.007 0.098 0.097 0.044 0.044
DEG 0.002| 897 PPB| 897 PPB| 897 PPB| 553 PPB| 915PPM| 59PPB| 59PPB| S59PPB| 109 PPB| trace trace 0.002 0.002 0.002 0.002| 2PPM trace 0.002| 44 PPB 0.002| 897 PPB| 553 PPB| 59PPB| 59PPB
ACETA 297 PPB| 5PPM 5 PPM 5 PPM 6 PPM 3 PPM 7 PPM 7 PPM 7 PPM 8 PPM 6 PPM 6 PPM trace trace 291 PPB| trace 3 PPB 8 PPM trace 377 PPB| 291 PPB 5 PPM 6 PPM 7 PPM 7 PPM
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Appendix 7

Summary of Reactors,Columns and Vessels

equipment Operating Operating Size Internals Materials of construction
No. Name temperature pressure dia. x length
°C bara mm Type trays (nr). packing Shell internals/tube
R101  |EO reactor 230 22 4670 x 11540 multitubular Ag on aluminium CSs SS -
R201 Carbonate reactor 120 33 4000 x 16040 packed bed DOW MSALl SsS 5
R202  |Primary MEG reactor 150 10 4000 x 6680 packed bed DOW MSALl Cs g
g m R203  [Secondary MEG reactor 150 10 4000 x 6640 packed bed DOW MSAL1 CS 9.,
‘rgl * C101  |EO absorber 43 20.0 4720 x 31500 packed column 15 mellapak 250X CS PP g
S
g' C301 Water removal 145 0.1 2770 x 6100 tray column sieve (10) CSs CS a
3 D C302 |MEG purification 130 0.09 2920 x 23100 packed column 15 mellapak 250X Cs SS “9
2 C401 Raw EO stripper 42 1 3380 x 20300 packed column 10 mellapak 250Y SS PVDF .s—
% m C402  |EO secondary absorber 43 10 790 x 23200 packed column 9 mellapak 250Y SS PP &
§- i C403  |EO secondary stripper 50 0:5 1770 x 11600 packed column S mellapak 250Y SS PVDF §-
« ® C404  |Heavy end seperator 61 2.0 1220 x 11582 tray column sieve (19) SS SS g
C405  |Light end seperator 57 ] 910 x 6100 tray column sieve (10) SS SS %
V101* |Steam drum 230 b volume: 8.8 m*>  |vessel cs
V102* |Steam drum 160 8 volume: 4.3 m’ vessel (&
V301  |V/L seperator C301 44 0.1 volume: 4.5 m’ vessel cs
0? E ? V302 | V/L seperator C302 130 0.09 volume: 2.5 m’ vessel (&
’ V401  |V/L seperator C404 30 2 volume: 1.3 m® vessel CS
\ S201 CO, flashdrum 100 10 volume: 53.5 m® flashvessel CS
$202  |flashdrum 100 8.0 volume: 70 m’ flashvessel cs
$301 CO, flashdrum 125 9.5 volume: 66.5 m* flashvesscl CS
\
/N
Remarks:  * Steam drums are installed two times, because two EO reactors are placed parallel




Appendix 8

Summary of Pumps and Compressors

Small means power < 2.5 kW, on/ofl operation employed

Pump Spared Capacity Suction | discharge | Pumping | Denwity | Theoretical | effeciency Brake
Ne. Name ‘Normal ‘Maximeum tamp. | o pumping power power Type
Pressure | Pressure tamp.
m'h m'h | b bara s kafm’ kW kW
P10 |Msin sheorbent pmp Yes 1007.2 o192 10 u n? 1100 197.65 0.86 465.1 Centrifugal
P102  |Absorbent pump 218 30.58 0l 1.8 130 1010 894 0.56 159 Centrifugal o
5 m P103* [Coolant pump Yes 106.6 11726 28 9.5 30 1000 451 on 63 Centrifugal g
;_l P104* |Coolant pump Yo 5L117 56,2287 28 93 30 1000 216 072 3.0 | Contrifugal ‘E
% P01 |EO feed pump 5834 64174 20 M3 [H 1s7 1836 (X 2874 | Cantrifugal ?
3 D P02 |liquid phase pump 5202 0s 0.55 8 ns 100 963 0.08 030 wall |positive displacement 2
g P03 |Water pump 82 9.02 s 103 25 904 1.50 072 amall positive displacevent g
g m P204  |liquid phase pump 5201 795.8 875.38 10 1.3 100 1086 33.66 [ %1 468 Centrifugal t'g'!
I 205 |liquid phase purmp R202 813 90.53 2.3 1.3 133 822 464 (%1 64 Centrifisgal ]
@ ® P30l |Reflux pump C301 3735 4128 ol 16 “ 1000 1.59 0.72 wnall ponitive displacement g
P302  |Reflux pump C302 14 1254 01 1.6 130 1013 048 0.72 wmall positive displacement
P03 |MEG pump 253 7.8 0.1 13 130 1013 LM 072 wmall positive displacoment
P304 |Hesvy component pump 0.2 (=] ol 16 164 930 0.01 072 wmall positive displacement
P30S |Raw MEG pump 588 64.68 9.5 1 146 991 149 (5] 18 Centrifiigal
. P40l |Absorbent pump 539 592.9 1 1.5 137 1081 139.60 0.62 2570 Centrifugal
E 5| Pao2  [Reftux pump C404 21 231 2 13 9 0.09 072 wmall positive displacement
' P403  [Bottom pump C402 6 8336 10 13 50 919 657 012 9.1 Centrifugal
P404 | Absorbent pump 464 51.04 [X] 1.3 1t 1106 1439 0.62 ni Centrifugal
P4035  |Bottom punp C403 164 18.04 5 8 L1} BO9 1.39 0.72 small positive displacament
\ K101 |Loop gas compressor 40800.2 44880.22 20 n 351 19 22022 0.712 3058.6 |Rotary
K102  |Recycle compressor 12195 1341.45 10 20 2048 18 536.7 0.72 T434 Rotary
K103 [CO2 compressor 696.6 166.26 20 1 155 41 206.6 072 2869 Rotary
K301 | Vacuum compressor C301 9961.4 10957.54 0.1 1.6 “ 14 40 03 680.0 Liquid ring
K302 | Vacuum compressor C302 100 10 0.1 16 “ 14 38 0.5 1.0 Liquid ring
K401  |EO. pri. compressor 11628 12790.8 1 13 134 3 3229 072 4483 Rotary
K402  |EOQ. sec. compressor 44442 488862 13 10 136 12 463.7 0T 6440 Rotary
K403  |EO recycle compressor 14354 1578.94 s 10 107 14 148 0.72 205.6 Rotary
K404  |Raw EO pri. compressor 28008.3 30809.13 0. 23 138 4 768.69 072 1067.6 Rotary
K403 |Raw EO sec. compressor 249222 141442 15 s 108 7 324.8 0712 asi1 Rotary
Remarks:  * Pumps are installed twice, because two EO reactors are placed panllel




Appendix 9
Summary of Heatexchangers
Equip- " Service Type Total Overall Heat Design conditions Materials of
ment celz |8 of | Duty | (bare) heat Flux Shell Shell ST Tubes ST+AC construction
No. ‘é 'FE.; E 2 equip- outside transfer E
E > = ment surface coef. ? Diam. | Tin Tout Press. Tin Tout | Press. | Shel/ | Tubes >
E H kW m? W/m2.K W/m? °C °C bar ga °€ °C bar ga | headers ;
=
o 101 4 * Exchanger ST | 31901 993 110 - 2.13 34 109.7 21.0 180 110 19.9 ss ss @
; 102 2 s Exchanger ST 51290 1928 300 - 4.7 230 230 27.6 110 220 25.0 cs sS %
@ _l &
g. 103 2 b Exchanger ST 29551 1138 300 - 4.7 160 160 7.8 240 180 25.0 cs ss :
2 104 4 * Exchanger ST | 29665 825 300 - 2.68 33 43 1.0 110 43 19.9 cs ss =
: :
3 105a 1 Exchanger ST 15466 477 900 - 221 4 10 1.0 43 20 20.0 cs ss ~
g' s> =
§ h 105b 1 * Exchanger ST 23787 825 900 - 2.84 78 43 1.0 33 43 20.0 cs ss
"o
201 3 s Exchanger ST | 26108 983 400 - 1.52 42 105 20.0 117 78 33.0 cs ss
202 1 Exchanger ST 3473 111 1000 - 1.09 160 160 7.8 89 150 10.0 cs ss
203 1 Exchanger ST 406 24 1000 - 0.55 160 160 7.8 133 150 10.0 cs ss
301 1 Reboiler ST 3500 100 - 35000 1.04 160 |. 160 7.8 - 132 0.1 cs cs
1| &
2 302 1 Condenser ST 3389 253 2000 - 1.57 33 40 1.0 - 44 0.1 cs cs
\ 303 1 Reboiler ST 8889 148 - 60000 1.24 230 230 27.6 - 164 0.1 cs cs
304 1 Condenser ST 8944 256 - 35000 1.58 120 120 1:9 - 130 0.1 cs cs
/' \ 1) ST = shell-and-tube heat exchanger 2) Based on bare outside surface
AC = air-cooled equipment




Appendix 9
Summary of Heatexchangers
Equip- P Service Type Total Overall Heat Design conditions Materials of
ment § YRR of | Duty | (bare) heat Flux  Shell Shell ST Tubes ST+AC construction
No. £ E E a equip- outside | transfer ﬁ
Z % £ ment surface | coef.? Diam. | Tin Tout Press. Tin | Tout | Press. | Shell/ | Tubes >
E b kW m? W/m2.K W/m? c °C bar ga °C °C | bar ga | headers ;]1
=
7 401 1 Reboiler ST | 29806 497 - 60000 | 2.13 | 230 230 27.6 - 136 1.0 cs ss (:E
:\) : >
; 402 1 Exchanger ST 542 49 300 - 0.76 33 43 1.0 134 43 2.5 cs cs o)
a _| !
§ D 403 1 Exchanger ST 4635 431 300 - 2 33 43 1.0 131 43 10.0 cs 8 :
(1]
=
«w
2 404 1 Exchanger ST 1359 67 750 - 0.87 33 43 1.0 100 43 10.0 cs s8 g
S
g, 405 1 Reboiler ST 5000 143 - 35000 1.22 160 160 7.8 - 109 0.5 cs ss %
- "
:O: h 406 1 Reboiler ST 2031 51 - 40000 0.77 160 160 7.8 - 121 2.0 cs ss
"o
407 1 Condenser ST 2300 52 2000 - 0.78 4 10 1.0 - 29 2.0 cs ss
408 1 Exchanger ST 743 48 300 - 0.78 33 43 1.0 138 57 2.5 cs 33
g
409 1 Exchanger ST 4135 188 750 - 188 33 43 1.0 108 43 5.0 cs s ,,E
g
410 1 Reboiler ST 1583 6 - 60000 26 160 160 7.8 - 61 5.0 cs ss =
&
] ~
2
o
jA 1) ST = shell-and-tube heat exchanger 2) Based on bare outside surface
AC = air-cooled equipment




Appendix 10

REACTQR-”SPE({[FICATION SHEET

Equipment number RI&)I R ) Parallel:
Name Ethylene oxide Teactor 2 %m
General Data ﬁ
Type Cooled multitubular reactor a _I
Catalyst Silver doped on alumina 2 D
Space time 5.9 sec. In reaction section @
Volume 90.8 m’ o
Tubes: Shell: S m
- number 6265 - inner diameter 4.66 m 2 om—
- length 11.5m - outer diameter 470 m g_k
- inner diameter 40 mm - material CS @
- outer diameter 4mm ¢
- pitch : 55 ?
- material :(SS ) i
"~ Process Conditions Cooling Reaction section
Stream details Feed 108 Product 109 | Coolant inlet Coolant outlet
Temp. [°C] 220 240 230 230
Pressure  [bar] 22 19.9 27.6 27.6
Density  [kg/m®] | 14.0 11.0
Mass flow [kg/h] | 802142.2 802142.2 106557 106557
Vapor fraction 1 1 0 1
Composition (frac) | mol wit mol wt
EO 186 PPB | 372PPB | 0.02 0.039 Coolant medium:  BFW
MEG 62PPM | 174 PPM Coolantarea: 6929 m’
Ethylene 0.228 0.291 0.207 0.262 Overall U : 770 W/m? K
Water 7I0PPM | 580 PPM | 0.007 | 0.006 Coolant capacity : 53625 kW
Methane 0.624 0.454 0.63 0.454
Oxygen 0.07 0.101 0.051 0.073
Argon 0.01 0.018 0.01 0.018
EC 928PPB | 4PPM | 937PPB | 4PPM
CO; 0.068 0.135 0.075 0.148
DEG 106 PPB | 508 PPB | 107 PPB | 508 PPB
Acetaldehydes 71PPB | 141PPB | 141 PPB | 278 PPB
Remarks: The preheating and cooling sections are included in the reactor volume and tube

length. The space time is only concerns the reaction section.

Case identification : normal Design

Overcapacity : Revision : 3.00

Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30
M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000




Appendix 10

REACTOR - SPECIFICATION SHEET

Equipment number R201 Parallel:
Name Carbonate reactor 1 g ln
General Data o
Type Trickle flow reactor a _l
Catalyst Dow MSA-1 2 D
Space time 23.4 min @
Volume 201.5 m® =
Tubes: Shell: 53
- number - inner diameter : 4 D w—
- length/height 16 m - outer diameter : 4.04 g _k
- inner diameter - material : SS ®
- outer diameter '
- pitch
- material
Process Conditions
Stream details Feed 204 Product 205 CO2 202
Feed
Temp. [°C] 105 130 155
Pressure [bara] |33 25 33
Density  [kg/m®] | 1095 1086 41
Mass flow [kg/h] | 675184.0 695208.5 20024.5
Vapor fraction 0 0 1
Composition (frac) | mol Wt mol wt mol wt
EO 0.038 0.027
MEG 0.407 0.412 0.406 0.4
Ethylene 0.004 0.002 0.004 0.002
Water 0.197 0.058 0.196 0.056
Methane 0.003 695 PPM | 0.003 675 PPM
Oxygen 167PPM | 87PPM | 167 PPM | 85 PPM
Argon 32PPM | 21PPM | 31PPM | 20 PPM
EC 0.344 0.494 0.381 0.533
CO, 0.005 0.004 0.009 0.006 20024.5
DEG 0.002 0.003 0.002 0.003
Acetaldehydes 297 PPB | 214PPB | 296 PPB | 207 PPB
Remarks:
Case identification : normal Design
Overcapacity : Revision : 3.00
Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30
M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000




Appendix 10

REACTOR - SPECIFICATION SHEET

Equipment number R202 Parallel:
Name Primary MEG reactor 1 gln
General Data :',
Type Packed bed reactor with chimney a -|
tray on top for V/L separation 2 D
Catalyst Dow MSA-1 i
Space time 58.6 min o
Volume 83.5 m® §3
Tubes: Shell: § w—
- number - inner diameter : 4m g _k
- length/height 6.6 m - outer diameter : 403 m @
- inner diameter - material CS
- outer diameter
- pitch
- material
Process Conditions
Stream details Feed 210 Product (V) 217 | Product (L) 215
Temp. [°C] 150 133 133
Pressure [bara] | 10 9.5 9.5
Density  [kg/m’] | 1041 12 822
Mass flow [ks/h] T77472.1 9812.3 67659.9
Vapor fraction 0 1 0
Composition (frac) | mol wt mol wt mol wt
EO
MEG 0.289 0.359 0.007 0.011 0.5 0.599
Ethylene 0.002 919 PPM | 0.01 0.007 S9PPM | 32PPM
Water 0.432 0.155 0.146 0.065 0.325 0.113
Methane 539 PPM | 173 PPM | 0.003 0.001 7 PPM 2 PPM
Oxygen 28PPM | 18PPM | 176PPM | 141PPM | 278 PPB | 172 PPB
Argon 5PPM | 4PPM | 33PPM | 33PPM 52 PPB 40 PPB
EC 0.271 0.478 410PPM | 901 PPM | 0.161 0.274
CO, 0.005 0.004 0.833 0.914 0.01 0.009
DEG 0.001 0.003 I6PPM | 41 PPM 0.003 0.006
Acetaldehydes 206PPB | 182PPB | 802PPB | 881 PPB | 95 PPB 80 PPB
Remarks:

Case identification : normal
Overcapacity :

Design
Revision : 3.00

Designers: F. Kleijn van Willigen R.M. Boucke

M.J. Sorgedrager

F.A. Sheldon

Project ID: CPD3244 / P80511 CA30
Date : January 1, 2000




Appendix 10

REACTOR - SPECIFICATION SHEET

Equipment number R203 Parallel:
Name Secondary MEG reactor 1 = m
General Data :’;
Type Packed bed reactor with chimney a -l
tray on top for V/L separation 2 D
Catalyst Dow MSA-1 i
Space time 65.2 min o
Volume 83.1m’ -] m
Tubes: Shell: g—
- number - inner diameter : 4m g A
- length/height 6.6 m - outer diameter : 403 m ®@
- inner diameter * - material s €S
- outer diameter
- pitch
- material
Process Conditions
Stream details Feed 216 Product (V) 222 | Product (L) 221
Temp. B 4 150 132 132
Pressure [bara] |10 9.5 9.5
Density  [kg/m’] | 1018 12 823
Mass flow [ks/h] | 67930.9 9777.4 58153.5
Vapor fraction 0 1 0
Composition (frac) | mol wt mol wt mol wt
EO
MEG 0.497 0.598 0.01 0.015 0.795 0.92
Ethy]ene 58 PPM | 32PPM | 320PPM | 213 PPM 2 PPM 1 PPM
Water 0.33 0.115 0.082 0.035 0.189 0.063
Methane 7 PPM 2 PPM 37 PPM 14 PPM 76 PPB 23 PPB
Oxygen 276 PPB | 171 PPB | 2 PPM 1 PPM 3 PPB 2 PPB
Argon 52 PPB 40 PPB 292 PPB 278 PPB trace trace
EC 0.16 0.273 456 PPB 955 PPB 194 PPM 318 PPM
CO, 0.01 0.009 0.907 0.949 0.012 0.01
DEG 0.003 0.006 17PPM | 42PPM | 0.003 0.007
Acetaldehydes 94PPB | S8OPPB | 335PPB | 351PPB | 42PPB 35 PPB
Remarks:

Case identification : normal Design

Overcapacity : Revision : 3.00

Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30
M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000




Appendix 11

DISTILLATION COLUMN - SPECIFICATION SHEET

Equipment number C101 rev 3.00
Name EO Absorber 2 m
General Data ﬁ
Service absorbtion Q, -l
Column type structured packing 3 D
Tray / Packing type mellapak 250X @
Stages 2
- Theoretical 15 3 3
- Feed 1,15 8 w—
HETP [m] 2.1 Tray material : PP g A
Column diameter [m] 472  Column material : CS @
Column height [m] 31.5
Heating none

Process Conditions

Stream details Feed 112 Top 113 | Bottom 124 Absorbent 127
Temp. ] 43.0 22.7 422 20
Pressure  [bara] | 19.9 20 20 20
Density  [kg/m’] | 18 19 992 929
Vapor frac [-] 997 1 Y 0
Mass flow [kg/s] [ 223 212 319 308
Composition (frac) | mol wt mol wt mol wt mol wt
EO 0.02 0.039 194 ppe | 393 pre | 0.038 0.027 20 pp8 14 prB
MEG 5 ppMm 15ppm | 0.407 0.412 0.432 0.426
Ethylene 0.207 0.262 0.212 0.273 0.004 0.002 0.001 541 ppMm
Water 0.007 |0.006 |725pem | 599ppm | 0.197 | 0.058 |0.196 | 0.056
Methane 0.63 0.454 |0648 |[0.477 |0.003 |695pem | 400 prm | 102 PeM
Oxygen 0.051 0.073 0.052 0.077 167 ppm | 87 pPem | 21 pPm | 11 PPM
Argon 0.01 0.018 0.01 0.019 32pem |21 pPPm | 4 PPM 2 PPM
EC 937 prB | 4 PPM 483 PrB | 2 PPM 0.344 0.494 0.365 0.511
CO, 0.075 0.148 0.076 0.154 0.005 | 0.004 0.003 0.002
DEG 107 pre | 508 PPB | 4 PPB 22pre | 0.002 0.003 0.002 0.003
Acetaldehydes 141 pre | 278 PrB | 63 PPB 127 pre | 297 Pre | 214 PP | 153 pre | 107 PPB
Column Internals

Packing

Type Mellapak 250X

Material s PP

Fractional approach to max. capacity: 0.9

Max. capacity factor : 0.094 [m/sec]

Surface area : 250 [m*m’]

Average p-drop/height :  3.31 [mbar/m]
Remarks:  section pressure drop : 0.103 atm

Designers: F. Kleijn van Willigen
M.J. Sorgedrager

R.M. Boucke
F.A. Sheldon

Project ID: CPD3244 / P80511 CA30
Date : January 1, 2000




Appendix 11

DISTILLATION COLUMN - SPECIFICATION SHEET

Equipment number C301 rev 3.00
Name Water removal ém._ m
General Data =
Service distillation a _l
Column type tray 8 D
Tray / Packing type sieve tray @
Stages 2
- Theoretical 6 %m
- Actual 10 g =
- Feed T S _k
Tray spacing [m] 6096  Tray material CS @
Column diameter [m] 277  Column material : CS
Column height [m] 6.10
Heating thermosyphon
Process Conditions
Stream details Feed 302 Top (1) 313 | Bottom 306 | Top (g) 308
Temp. [°C] 145.6 43.8 132.3 43.8
Pressure [bara] | 9.5 0.1 0.1 0.1
Density  [kg/m’] | 991 981 1011 <1
Mass flow [kg/s] | 16.16 4.52 7.13 4.52
Composition (frac) | mol Wt mol wt mol wt mol wt
EO
MEG 0.795 0.92 0.004 0.012 0.994 0.992 0.004 0.012
Ethylene 2 PPM 1 PPM 10pem | 14 pPpm | trace | trace 10ppm | 14 PPM
Water 0.189 | 0.063 0.937 |0.85 | 0.001 | 411 0.937 | 0.856
Methane 76 prB | 23 PPB 377 pea | 307 pes | trace trace 377 pee | 307 PPe
Oxygen 3 PPB 2 PrPB 13pre | 20 PPB | trace trace 13pre | 20 PPB
Argon trace Trace 2 PPB 5 prB trace trace 2 PPB 5 prB
EC 194 ppm | 318 PPm 243 343
PPM PPM
CO, 0.012 0.01 0.059 0.132 trace trace 0.059 0.132
DEG 0.003 | 0.007 0.004 | 0.007
Acetaldehydes 42 pr8 | 35PPB 210 pea | 470 pee | trace trace 210rers | 470 PPB
Column Internals
Trays
Sieve hole diameter [em] : 1.27
Sieve hole area to
active area ratio 0.12
Weir length [m] : 202
Murphree eff. 0.60
Downcomer area/column area 0.10

Remarks:

Section pressure drop= 0.025 atm
Distillate vapor fraction= 50 mol%

Reboiler E301
Condenser E302

Reflux ratio = 0.57

Designers: F. Kleijn van Willigen

M.J. Sorgedrager

R.M. Boucke
F.A. Sheldon

Project ID: CPD3244 / P80511 CA30
Date : January 1, 2000




Appendix 11

DISTILLATION COLUMN - SPECIFICATION SHEET

Equipment number C302 rev 3.00
Name MEG purification % m
General Data ﬁ
Service Distillation, total condensor §-|
Column type structured packing 2 D
Tray / Packing type Mellapak 250X @
Stages f-;
- Theoretical 11 % B
- Feed (actual) 3 L -
HETP [m] 2.1 Packing material: ~ SS s N\
Column diameter [m] 292- Column material : CS @
Column height [m] 23.10
Heating thermosyphon
Process Conditions
Stream details Feed 307 | Top 305 | Bottom 309
Temp. [°C] 1323 129.8 164.4
Pressure  [bara] | 0.1 0.09 0.09
Density  [kg/m’] | 1010 1013 930
Mass flow [keg/s] | 7.188 7.129 0.058
Composition (frac) | mol Wt mol wt mol wt mol wt
EO
MEG 0.994 0.992 0.998 0.999 0.192 0.122
Ethylene trace Trace
Water 0.001 411 ppm | 0.001 415 ppm | trace trace
Methane trace Trace
Oxygen trace Trace
Argon trace Trace
EC 243 ppm | 343 pem | 104 Pem | 147 PPv | 0.027 0.024
CO, trace Trace
DEG 0.004 0.007 251 pPm | 429 Pev | 0.782 0.853
Acetaldehydes trace Trace
Column Internals
Packing
Type Mellapak 250X
Material SS
Fractional approach to max. capacity : 0.62
Max. capacity factor :  0.108 [m/sec]
Surface area : 250 [m%m’]
Average p-drop/height :  1.28 [mbar/m]
Remarks:

section pressure drop= 0.024 atm  Reboiler E303

Reflux ratio = 0.314 Condenser E304
Designers: F. Kleijn van Willigen R.M. Boucke Project ID; CPD3244 / P80511 CA30
M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000




Appendix 11

DISTILLATION COLUMN - SPECIFICATION SHEET

Equipment number C401 rev 3.00
Name Raw EO Stripper % ln
General Data i
Service heat stripping, pressure swing é_l
Column type structured packing 2 D
Tray / Packing type Mellapak 250Y w
Stages 2
- Theoretical 10 §_ m
- Feed 1 8 =
HETP [m] 29 Tray material PVDF s A
Column diameter [m] 3.38  Column material : SS @
Column height [m] 20.30
Heating thermosyphon
Process Conditions
Stream details Feed 401 Top 402 | Bottom 413 | Reflux
Temp. [°C] 41.8 62.2 137.1
Pressure [bara] |20 1 1
Density  [kg/m’] | 1.122 .001 1.064
Mass flow [kg/s] 131.4 4.665 126.75
Composition (frac) | mol wt Mol wt mol wit mol wit
EO 0.038 0.027 0.688 0.773 trace trace
MEG 0.407 0.412 0.001 0.002 0.431 0.427
Ethylene 0.004 0.002 0.072 0.051 trace trace
Water 0.197 0.058 0.09 0.041 0.203 0.058
Methane 0.003 695 prm | 0.048 0.02 trace trace
Oxygen 167 pem | 87 pem | 0.003 0.002 trace trace
Argon 32ppm |21 ppm | 568 PrM | 579 PPM | trace trace
EC 0.344 0.494 105 pem | 235 pev | 0.364 0.512
CO; 0.005 0.004 0.098 0.1 trace trace
DEG 0.002 0.003 897 pre | 2 PPM 0.002 0.003
Acetaldehydes 297 prB | 214 PPB | 5 PPM 6 PPMm trace trace
Column Internals
Packing
Type Mellapak 250Y
Material PVDF
Fractional approach to max. capacity : 0.8
Max. capacity factor :  0.059 [m/sec]
Surface area : 250 [m*m’]
Average p-drop/height :  1.13 [mbar/m]
Remarks:

pressure drop= 0.022 atm
boilup ratio= 0.308

Reboiler E401

Designers: F. Kleijn van Willigen
M.J. Sorgedrager

R.M. Boucke
F.A. Sheldon

Project ID: CPD3244 / P80511 CA30
Date : January 1, 2000




Appendix 11

DISTILLATION COLUMN - SPECIFICATION SHEET

Equipment number : C402 rev 3.00
Name : secondary EO absorber g m
General Data ﬁ
Service : absorbtion a _|
Column type : structured packing 2 D
Tray / Packing type : Mellapak 250Y E‘
Stages o
- Theoretical : 9 § j
- Feed : 1,9 L w—
HETP [m] : 29 Tray material : PP EA
Column diameter [m] : 079  Column material : ss @
Column height [m] s 232
Heating : none
Process Conditions
Stream details Feed 424 | Top 421 |Bottom 406 | Absorbent 416
Pressure [bara] |10 10 10.0 10
Density [kg/m3] 80 9 919.0 1175
Mass flow [kg/s] 7.876 0.927 18.060 11.111
Composition (frac) | mol Wt mol wt mol wt mol wt
EO 0.758 0.818 101 pre | 135 PP | 0.429 0.357
MEG 642 ppm | 976 ppm | 50pPPm | 95 PP | 0.211 0.247 0.408 0.401
Ethylene 0.053 0.037 0.317 0.27 0.005 0.003 0.002 0.001
Water 0.057 |0025 |0004 |0002 |0134 |[0.045 |0.197 |0.056
Methane 0.031 0.012 0.207 0.101 733 ppm | 222 pPm | 762 PPm | 193 PPM
Oxygen 0.002 0.001 0.013 0.013 32ppm | 19ppm | 40PPm | 20 PPM
Argon 361 ppm | 353 pem | 0.002 0.003 6 PPM 4 ppm 7 PPM 5 ppm
EC 65prM | 139 PPm | 6 PPM 15pPm | 0.198 0.329 0.383 0.534
CO, 0.097 0.105 0.456 0.611 0.021 0.017 0.007 0.005
DEG 553 pre | 1 PPM 44pps | 143 P | 915 Ppm | 0.002 0.002 0.003
Acetaldehydes 6 PPM 6 PPM 377 peB | 504 Pre | 3 PPM 3 pPM 291 pre | 203 PPB
Column Internals
Packing
Type :  Mellapak 250Y
Material : PP
Fractional approach to max. capacity : 0.8
Max. capacity factor :  0.025 [m/sec]
Surface area : 250 [m*/m’]
Average p-drop/height :  0.18 [mbar/m]
Remarks:  Pressure drop: 0.005 atm

Designers: F. Kleijn van Willigen
M.J. Sorgedrager

R.M. Boucke
F.A. Sheldon

Project ID: CPD3244 / P80511 CA30
Date : January 1, 2000




Appendix 11

DISTILLATION COLUMN - SPECIFICATION SHEET

Equipment number C403 rev 3.00
Name secondary EO stripper g m
General Data o>
Service Stripping w/ heat a _I
Column type Structured packing g D
Tray / Packing type Mellapak 250Y .
Stages o
- Theoretical 5 %j
- Feed 1 L
HETP [m] 29  Tray material : PP gJ\
Column diameter [m] 1.77  Column material : ss @
Column height [m] 11.60
Heating thermosyphon
Process Conditions
Stream details Feed 406 | Top 407 | Bottom 417
Temp. [°C] 50.3 22.8 109.6
Pressure [bara] | 10 0.5 0.5
Density [kg[m3] 919.0 4.0 858.0
Mass flow [kg/s] 18.060 6.923 11.137
Composition (frac) | mol wt Mol wt mol wit mol wt
EO 0.429 0.357 0.905 0.931 538 pre | 381 PpPB
MEG 0.211 0.247 80ppm | 116 PPm | 0.402 0.4
Ethylene 0.005 0.003 0.011 0.007 trace trace
Water 0.134 |0.045 |0.038 [0016 |022 |0.064
Methane 733 pem | 222 pem | 0.002 579 ppm | trace trace
Oxygen 32pPm | 19pPem [ 66Pem | 50PPm | trace trace
Argon 6 PPM | 4PPM |12ppv | 11 PPm | trace trace
EC 0.198 0.329 7 pPM 1Spem | 0.377 0.533
CO, 0.021 0.017 0.044 0.045 trace trace
DEG 915ppm | 0.002 | 59pps | 146 pps | 0.002 | 0.003
Acetaldehydes 3 PPM 3 PPM 7 PPM 7 PPM trace trace
Column Internals
Packing
Type Mellapak 250Y
Material PVDF
Fractional approach to max. capacity :  0.62
Max. capacity factor:  0.056 [m/sec]
Surface area : 250 [m%m’]
Average p-drop/height :  0.68 [mbar/m]
Remarks:

pressure drop=0.0077 atm
boilup ratio= 0.36

Reboiler E405

Designers: F. Kleijn van Willigen
M.J. Sorgedrager

R.M. Boucke
F.A. Sheldon

Project ID;: CPD3244 / P80511 CA30
Date : January 1, 2000




Appendix 11

DISTILLATION COLUMN - SPECIFICATION SHEET

Equipment number C404 rev 3.00
Name HE separator gln
General Data &
Service distillation, total condensor é_l
Column type Tray 2 D
Tray / Packing type sieve i
Stages - Actual 19 o
- Theoretical 15 §, 3
- Feed (actual) 8 8 =
Tray height [m] 6096  Tray material SS g A
Column diameter [m] 1.22  Column material : SS @
Column height [m] 11.58
Heating thermosyphon
Process Conditions
Stream details Feed 410 | Top 419 | Bottom 418 [ Reflux
Temp [QC] 61.1 29.2 120.6
Pressure [bara] |5 20 2.0
Density  [kg/m’] | 813 855 896
Mass flow [kg]s] 3.712 3.604 0.108
Composition (frac) | mol Wt mol wt mol wt mol wt
EO 0.932 0.971 1 1 138 ppm | 335 PPM
MEG 148 ppm | 217 PPm | 2 PPB 3 ppB 0.002 0.007
Ethylene trace Trace
Water 0.067 |0.029 |23eem |9pem | 0.997 | 0.991
Methane trace Trace
Oxygen trace Trace
Argon trace Trace
EC 13pem | 28 PPm | trace trace 199 pPm | 968 PPM
CO, trace Trace
DEG 109 prB | 272 PPB | trace trace 2 PPM 9 PPM
Acetaldehydes 8 pPM 8 PPM 8 pPM 8 pPMm 3 pPB 7 pPB
Column Internals
Trays
Number of trays 19
Murphree efficiency : 08
Sieve hole area to active arearatio : 0.12
Weir length [m] : 0.88
Downcomer area/column area 0.1
Side downcomer vel. [m/sec]  0.0044
Remarks: pressure drop=0.041 atm
reflux ratio: 0.121 Reboiler E406
boilup ratio: 7.27 Condenser E407
Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30
M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000




Appendix 11

DISTILLATION COLUMN - SPECIFICATION SHEET

Equipment number C405 rev 3.00
Name LE separator 5 Ul
General Data :’;

Service distillation, no condensor a _l
Column type tray 2 D
Tray / Packing type sieve @
Stages - Actual 10 2

- Theoretical 8 3 3

- Feed 1 8 w—
Tray spacing [m] .6096 Tray material : SS g _k
Column diameter [m] 0.91 Column material :  SS @
Column height [m] 6.10
Heating thermosyphon

Process Conditions
Stream details Feed 409 Top 411 | Bottom 410
Pressure  [bara] |2.5 5.0 5.0
Density  [kg/m’] | 4 8 809
Mass flow [kg/s] | 6.923 3.211 3.712
Composition (frac) | mol Wit mol wt mol wit mol wt
EO 0.905 0.931 0.872 0.884 0.932 0.971
MEG 80prm |116pPPm | 47 PP | 67 PP | 148 PPMm | 217 PPM
Ethylene 0.011 0.007 0.024 0.016 trace trace
Water 0.038 0.016 0.004 0.002 0.067 0.029
Methane 0.002 579 ppm | 0.003 0.001 trace trace
Oxygen 66 ppm | 50ppm | 145 prm | 107 PPM | trace trace
Argon 12pem | 11epm | 27pPpm | 25PPMm | trace trace
EC 7 PPM 15pem | trace 1 prB 13 pem | 28 PPM
Co, 0.044 |0045 |0.096 |0.097 |trace | trace
DEG 59prre | 146 PPB | trace trace 109 pPB | 272 PPB
Acetaldehydes 7 PPM 7 PPM 6 PPM 7 PPM 8 PPM 8 PPM
Column Internals

Trays
Number of trays 10
Murphree eff. 0.80
Sieve hole area to active area ratio 0.12
Weir length [m] 0.69
Downcomer area/column area 0.11
Side downcomer vel. [m/sec] 0.110

Remarks:
boil-up ratio: 0.78
section pressure drop= 0.083 atm

Reboiler E410

Designers: F. Kleijn van Willigen
M.J. Sorgedrager

R.M. Boucke
F.A. Sheldon

Project ID: CPD3244 / P80511 CA30
Date : January 1, 2000




HEAT EXCHANGER - SPECIFICATION SHEET

Equipment number : EIlOl In series
Name : Feed Preheater In parallel : 4 % m

General Data :’:}
Service : Heat exchanger a _l
Type : Fixed tubes E D
Position : Horizontal @
Capacity : 31901 kW o
Heat exchange area : 3973 m® %3
Overall heat transfer coefficient : 110 Wm’K 3 w—
Log. mean temp. difference (LMTD) : 73K %’J\
Passes tube side : 1 @
Passes shell side s 1
Correction factor LMTD 5 1

Process Conditions
Shell side Tube side
Medium Reactor out Reactor in
Temp. in [°C] 180 34
Temp. [2€] 110 109.6
Pressure [bara] 19.9 19.9
Density [kg/m’] 12 19
Mass flow [kg/hr] 802142 802130
Vapor fraction 1 1
Average specific [kJ/kg K] 2.132 1.836
heat
Heat of [kI/kg] - -
evap./cond.
Material SS SS
Remarks:
Four exchangers parallel
Case identification : normal Design
Overcapacity : Revision : 3.00
Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30
M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000

C:\My Documents\CPD\Equipment design\E10105S.doc




HEAT EXCHANGER - SPECIFICATION SHEET

Equipment number : E104 In series
Name : Effluent Cooler In parallel : 4 %m

General Data =
Service : Heat exchanger @ -I
Type : Fixed tubes E D
Position : Horizontal .
Capacity : 29665 kW o
Heat exchange area : 825 m’ S_m
Overall heat transfer coefficient : 300 Wm?K g w—
Log. mean temp. difference LMTD) : 30K s A
Passes tube side : 1 @
Passes shell side § 1
Correction factor LMTD : ]

Process Conditions
Shell side Tube side
Medium Cooling water liquid
Temp. in [°C] 33 110
Temp. [°C] 43 43
Pressure [bara] 1 199
Density [kg/m®] 998 14.0
Mass flow [kg/hr] 2554898 1021230
Vapor fraction 0 1
Average specific [kJ/kg K] 42 21.961
heat
Heat of [kI/kg] - -
evap./cond.
Material cs ss
Remarks:
Four exchangers parallel
Case identification : normal Design
Overcapacity : Revision : 3.00
Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30
M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000

C:\My D ts\CPD\Equip lesign\E104DS.doc




HEAT EXCHANGER - SPECIFICATION SHEET

Equipment number
Name

El105a

Absorbent cooler

Inseries :
In parallel : ]

General Data

0w
{l)
"

Service : Heat exchanger a *

Type : Fixed tubes 8 D

Position : Horizontal @

Capacity . 15466 kW b4

Heat exchange area : 477 m’ ,g, m

Overall heat transfer coefficient : 900 W/m?K 3 e

Log. mean temp. difference (LMTD) : 36K EJ\

Passes tube side | @

Passes shell side |

Correction factor LMTD : 1

Process Conditions
Shell side Tube side

Medium Chilled water liquid

Temp. in [°C] 4 43

Temp. [°C] 10 20

Pressure [bara] 1 20

Density [kg/m’] 998 1100

Mass flow [kg/hr] 2210340 1108380

Vapor fraction 0 0

Average specific [kJ/kg K] 42 2.369

heat

Heat of [kJ/kg] - -

evap./cond.

Material (o] SS

Remarks:

Case identification : normal Design

Overcapacity : Revision : 3.00

Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30

M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000

C:My D \CPD\Equ

design\E105aDS doc




HEAT EXCHANGER - SPECIFICATION SHEET

Equipment number E105b Inseries : 4
Name Absorbent cooler In parallel : ] E”m
General Data )
Service : Heat exchanger a -l
Type : Fixed tubes §D
Position : Horizontal i
Capacity : 23707 kW o
Heat exchange area : 825 m? 3 m
Overall heat transfer coefficient : 900 W/m* K 5 w—
Log. mean temp. difference (LMTD) : 32K g _h
Passes tube side 2 @
Passes shell side !
Correction factor LMTD 1
Process Conditions
Shell side Tube side

Medium Cooling water liquid
Temp. in [°C] 33 1) &
Temp. [°C] 43 43
Pressure [bara] 1 20
Density [kg/m’] 998 1100
Mass flow [kg/hr] 2048650 1108380
Vapor fraction 0 0
Average specific [kJ/kg K] 4.2 2.369
heat
Heat of [kI/kg] - -
evap./cond.
Material CS SS
Remarks:
Case identification : normal Design
Overcapacity : Revision : 3.00
Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30

M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000

C:\My D ts\CPD\Equif

design\E105bDS.doc




HEAT EXCHANGER - SPECIFICATION SHEET

Equipment number : E201 In series
Name : Preheater Inparallel : 3 %’m

General Data o
Service : Heat exchanger a _|
Type : Fixed Tube 8 D
Position : Horizontal @
Capacity : 26108 kW e
Heat exchange area : 2950m’ S m
Overall heat transfer coefficient : 400 W/m*K g—
Log. mean temp. difference (LMTD) : 22 a _k
Passes tube side s 1 @
Passes shell side |
Correction factor LMTD : 1

Process Conditions
Shell side Tube side
Medium liquid liquid
Temp. in [°C] 42 117
Temp. out [°C] 105 78
Pressure [bara] 20 33
Density [kg/m’] 1100 1157
Mass flow [kg/hr] 1108380 675184
Vapor fraction - 0
Average specific [kJ/kg K] - 2.100
heat
Heat of [kJ/kg] - -
evap./cond.
Material cS Ss
Remarks: 3 exchangers
parallel
Case identification : normal Design
Overcapacity : Revision : 3.00
Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30
M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000

C:\My Documents\CPD\Equipment design\E2010S.doc




HEAT EXCHANGER - SPECIFICATION SHEET

Equipment number E202 In series
Name Preheater In parallel : 1 gln
General Data ,T,
Service : Heat Exchanger a -l
Type : Fixed Tube 2 D
Position : Horizontal i
Capacity ¢ 3473 kW o
Heat exchange area : 111 m? 3 m
Overall heat transfer coefficient : 1000 W/m> K 3 e
Log. mean temp. difference (LMTD)  : 31 g A
Passes tube side : 1 @
Passes shell side 1
Correction factor LMTD : 1
Process Conditions
Shell side Tube side
Medium Condensing steam Liquid
Temp. in ¢l 160 89
Temp. out €] 160 150
Pressure [bara] 7.8 10
Density [kg/m’] - 1105
Mass flow [kg/hr] 6008 77472
Vapor fraction - 0
Average specific [kJ/kg K] - 2.495
heat
Heat of [kJ/kg] 2084.3 B
evap./cond.
Material cs SS
Remarks:
Case identification : normal Design
Overcapacity : Revision : 3.00
Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30
M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000

C:\My Documents\CPD\Equipment design\E202DS.doc




=
-
& HEAT EXCHANGER - SPECIFICATION SHEET
Equipment number : E203 In series : -
. Name : Preheater In parallel :  _J-T g‘em
General Data )
Service : Heat exchanger a -l
. Type : Fixed Tube 8 D
Position : Horizontal @
. Capacity ¢ 406 kW &
Heat exchange area : 24m’ 3 3
Overall heat transfer coefficient : 1000 W/m?* K 5 w—
B Log. mean temp. difference (LMTD)  : 17 g_k
Passes tube side s 1 @
. Passes shell side |
Correction factor LMTD X
Process Conditions
i Shell side Tube side
Medium : | Condensing steam Liquid
. Temp. in [°€] : | 160 133
Temp. out [°C] : | 160 150
Pressure [bara] s {718 10
. Density [kg/m’] A 822
Mass flow [kg/hr] ¢ |'703 67931
Vapor fraction I 0
. Average specific [kJ/kg K] : = -
heat
. Heat of [kJ/kg] : | 2084.3 -
evap./cond.
. Material s |&s SS
Remarks:
5
. Case identification : normal Design
Overcapacity : Revision : 3.00
. Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30
M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000
E
N
E
-
=
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HEAT EXCHANGER - SPECIFICATION SHEET

Equipment number + E301 Inseries : -1 |
Name :Reboiler C301 nparalel: 7 E|f
General Data .
Service : Reboiler é-l
Type : Thermosyphon 2 D
Position : Vertical v
Capacity : 3500 kW &
Heat exchange area : 100 m? % m
Reduced temperature : 0.41 g -—
Heat flux : 35000 W/m® ! J\
@
- Process Conditions
Shell side Tube side
Medium Condensing steam Liquid
Temp. in [°C] 160 -
Temp. out [°C] 160 132
Pressure [bara] 7.8 0.1
Density [kg/m*] - 1010
Mass flow [kg/hr] 6054 84636
Vapor fraction - 0
Average specific [kl/kg K] 2.819
heat
Heat of [kI/kg] 2084.3 -
evap./cond.
Material cs cs
Remarks:
Case identification : normal Design
Overcapacity : Revision : 3.00

Designers: F. Kleijn van Willigen
M.J. Sorgedrager

R.M. Boucke Project ID: CPD3244 / P80511 CA30
F.A. Sheldon Date : January 1, 2000

C:\My Documents\CPD\Equipment design\E301DS.doc




HEAT EXCHANGER - SPECIFICATION SHEET

Inseries : -]
In parallel : 47|

Equipment number : E302
Name : Condenser C301

General Data
Service : Condenser
Type : Fixed tubes
Position : vertical
Capacity : 4413 kW
Heat exchange area : 337m’

Overall heat transfer coefficient

: 2000 W/m? K

slojoenuo) g s1sauibug yi018
HAEO0LS

Process Conditions

Shell side Tube side

Medium Chilled water Liquid
Temp. in [°C] 4 -
Temp. out [°C] 10 14
Pressure [bara] 1 0.1
Density [kg/m’] 998 -
Mass flow [kg/hr] 630687 4291
Vapor fraction 0 0.5
Average specific [kJ/kg K] 42 2.704
Heat of [k/kg] - -
evap./cond.
Material cs CS
Remarks:
Case identification : normal Design
Overcapacity : Revision : 3.00
Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30

M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000

C:\My Documents\CPD\Equipment design\E302DS.doc




HEAT EXCHANGER - SPECIFICATION SHEET

Equipment number : E303 Inseries : 1
Name : Reboiler C302 In parallel : 4] gm
General Data i
Service : Reboiler §_|
Type : Thermosyphon 2 D
Position :+ Vertical “
Capacity . 8889 kW 5
Heat exchange area : 148 m’ 5_3
Reduced temperature s 0,55 g'_
Heat flux : 60000 W/m® o _k
@
Process Conditions
Shell side Tube side
Medium : | Condensing steam Liquid
Temp. in [°C] : | 230 -
Temp. out [°C] : 230 164
Pressure [bara] : | 276 0.1
Density [kg/m?] : |- 930
Mass flow [kg/hr] : | 17663 2757
Vapor fraction : |- 0
Average specific [kJ/kg K] N 2.898
heat
Heat of [kJ/kg] : | 1785.1 -
evap./cond.
Material : | C8 cs
Remarks:
Case identification : normal Design
Overcapacity : Revision : 3.00
Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30
M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000

C:\My Documents\CPD\Equipment design\E3030DS.doc



HEAT EXCHANGER - SPECIFICATION SHEET

Equipment number : E304 Inseries : -
Name : Condenser C302 In parallel : .}~ gm
General Data >
Service : Condenser é_l
Type : Vertical E D
Position :+ Fixed Tubes ¢
Capacity : 8944 kW o
Heat exchange area : 256 m 2
Reduced Temperature : 0.35W/m*K g w——
Heat flux : 35000 < _k
@
- Process Conditions
Medium Evaporating BFW water Liquid
Temp. in [°C] 120 -
Temp. out [°C] 120 130
Pressure [bara] 1.9 0.1
Density [kg/m’] - -
Mass flow [kg/hr] 11899 33622.4
Vapor fraction - 0
Average specific [kJ/kg K] 42 2.807
heat
Heat of [ki/kg] 2204.67 -
evap./cond.
Material cs cs
Remarks:
Case identification : normal Design
Overcapacity : Revision : 3.00
Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30
M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000

C:\My Dx ts\CPD\Equig t design\E304DS.doc




HEAT EXCHANGER - SPECIFICATION SHEET

Equipment number E401 Inseries :
Name Reboiler C401 nparallel: 1| E|f)
General Data =
Service : Reboiler é_l
Type : Thermosyphon ED
Position : Vertical i
Capacity : 29806 kW o
Heat exchange area : 497 m? %m
Reduced temperature : 051 g —
Heat flux : 60000 W/m? 5 J\
@
Process Conditions
Shell side Tube side
Medium Condensing steam Liquid
Temp. in [°C] 230 -
Temp. out FC] 230 136
Pressure [bara] 27.6 1.0
Density [kg/m®] - 847
Mass flow [kg/hr] 59226 6762
Vapor fraction - 0
Average specific [kl/kg K] - 2.422
heat
Heat of [kJ/kg] - -
evap./cond.
Material cs SS
Remarks:
Case identification : normal Design
Overcapacity : Revision : 3.00
Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30
M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000

C:\My D ts\CPD\Equip

jesign\E401DS.doc




HEAT EXCHANGER - SPECIFICATION SHEET

Inseries : A
In parallel : -

Equipment number : E402
Name :  Post- Cooler

General Data
Service : Cooler
Type : Fixed tube
Position : Horizontal
Capacity : 542 kW
Heat exchange area : 49 m’

Overall heat transfer coefficient
Log. mean temp. difference (LMTD)
Passes tube side

: 300 W/m?K
: 37
s 1
: 1

si0j0e1jU0) @ sleaulbug yio)g
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Passes shell side :
Correction factor LMTD : 1
Process Conditions
Shell side Tube side

Medium Cooling water Vapor
Temp. in [°C] 33 134
Temp. out [°C] 43 43
Pressure [bara] 1 2.5
Density [kg/m’] 998 3
Mass flow [kg/hr] 46711 16793
Vapor fraction 0 1
Average specific [kJ/kg K] 42 1.469
heat
Heat of [kI/kg] - -
evap./cond.
Material cs ss
Remarks:
Case identification : normal Design
Overcapacity : Revision : 3.00
Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30

M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000

C:\My Documents\CPD\Equipment design\E402DS . doc




HEAT EXCHANGER - SPECIFICATION SHEET

Equipment number : EA403 Inseries : 4
Name : Post cooler In parallel : E’gm
General Data o
Service : Cooler §-|
Type : Fixed tube 2 D
Position : Horizontal i
Capacity : 4636kW o
Heat exchange area : 431 m° S,m
Overall heat transfer coefficient : 300 W/ m’K L w—
Log. mean temp. difference (LMTD) : 36 o _k
Passes tube side 3 | @
Passes shell side - |
Correction factor LMTD $ 1
Process Conditions
Shell side Tube side

Medium : | Cooling water Vapor
Temp. in [°C] : |33 131
Temp. out [°C] : |43 43
Pressure [bara] : |1 10
Density [kg/m’] : | 998 12
Mass flow [kg/hr] : | 399253 28352
Vapor fraction : |0 1
Average specific [kJ/kg K] : | 4.2 1.462
Heat of [kJ/kg] s = =
evap./cond.
Material : |icS SS
Remarks:
Case identification : normal Design
Overcapacity : Revision : 3.00
Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30

M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000
C:\MyD ts\CPD\Equipment design\E403DS.doc




HEAT EXCHANGER - SPECIFICATION SHEET

Equipment number
Name

E404
Absorbent cooler

Inseries : 4

General Data

Service
Type
Position
Capacity

Heat exchange area
Overall heat transfer coefficient
Log. mean temp. difference (LMTD)

Passes tube side
Passes shell side

In parallel : A1 tgﬂln

m

: Cooler a
: Fixed tube 2 D

: Horizontal i

: 1359 kW o
: 67m? S 3
: 750 W/ m*K 5 w—
: 27 e N
& ©)

2 ]
: 1

Correction factor LMTD
Process Conditions
Shell side Tube side

Medium Cooling water Liquid
Temp. in [°C] 33 100
Temp. out [°C] 43 43
Pressure [bara)] 1 10
Density [kg/m’] 998 1120
Mass flow [kg/hr] 117079 40000
Vapor fraction 0 0
Average specific [kJ/kg K] 4.2 2.275
heat
Heat of [kJ/kg] - -
evap./cond.
Material CS SS
Remarks:
Case identification : normal Design
Overcapacity : Revision : 3.00
Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30

M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000

C:My D ts\CPD\Equi

lesign\E404DS.doc




HEAT EXCHANGER - SPECIFICATION SHEET

In series : 1
In parallel : 3~

Equipment number : EA405
Name : Reboiler C403

General Data
Service : Reboiler
Type : Thermosyphon
Position : Vertical
Capacity : 5000 kW
Heat exchange area : 143 m?
Reduced temperature : 0.37

siojoenuo) g sissulbug yiols
lEOLS

Heat flux : 35000 W/m®
~ Process Conditions
Shell side Tube side

Medium Condensing steam Liquid
Temp. in [°C] 160 -
Temp. out [°C] 160 109
Pressure [bara] 7.8 0.5
Density [kg/m’] - 858
Mass flow [kg/hr] 8649 40094
Vapor fraction - 0
Average specific [kJ/kg K] - 2.279
heat
Heat of [kJ/kg] 20843 -
evap./cond.
Material cs SS
Remarks:
Case identification : normal Design
Overcapacity : Revision :
Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30

M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000

C:WMy Documents\CPDVEquipment design\E405DS . doc




HEAT EXCHANGER - SPECIFICATION SHEET

Inseries :
In parallel : =]

Equipment number : EA406
Name Reboiler C404

General Data
Service : Reboiler
Type : Thermosyphon
Position : Vertical
Capacity : 2031 kW
Heat exchange area : 51m’
Reduced temperature : 039

siojoejuos g sieaulbug yiols

AEOLS

Heat flux : 40000 W/m®
" Process Conditions
Shell side Tube side
Medium Condensing steam Liquid
Temp. in [°C] 160 -
Temp. out I°€] 160 121
Pressure [bara] 7.8 2
Density [kg/m’] - 896
Mass flow [kg/hr] 3512 387
Vapor fraction - 0
Average specific [kJ/kg K] - 2.208
heat
Heat of [kJ/kg] 2084.3 -
evap./cond.
Material CcS SS
Remarks:
Case identification : normal Design
Overcapacity : Revision : 3.00
Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30
M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000

C\My D ts\CPD\Equi t design\E406DS.doc




HEAT EXCHANGER - SPECIFICATION SHEET

Equipment number : EA407 Inseries : 4
Name : Condenser C404 In parallel : -~ gm
General Data o
Service : Condenser a _|
Type : Fixed Tubes § D
Position : Vertical z
Capacity : 2300 kW o
Heat exchange area 52 m? S m
Overall heat transfer coefficient : 2000 W/m*K 5 w—
T N\
w0
@
~ Process Conditions
Shell side Tube side
Medium Chilled water Liquid
Temp. in [°Cl 4 -
Temp. out [=C] 10 29
Pressure [bara] 1 2
Density [kg/m’] 998 26
Mass flow [kg/hr] 328702 12976
Vapor fraction 0 0
Average specific [kJ/kg K] 42 2.208
heat
Heat of [kJ/kg] - -
evap./cond.
Material cs SS
Remarks:
Case identification : normal Design
Overcapacity : Revision : 3.00
Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30
M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000

C:\My Documents\CPD\Equipment design\E407DS.doc




HEAT EXCHANGER - SPECIFICATION SHEET

Equipment number
Name

E408
Post cooler K404

In series
In parallel : 4~

General Data

Service

Type

Position

Capacity

Heat exchange area

Overall heat transfer coefficient

Log. mean temp. difference (LMTD)

Passes tube side
Passes shell side

: Heat exchanger
: Fixed Tube

+ Horizontal

: 744 kKW

: 48 m?

300 W/m? K

51K
|
A |

s10}oB1jUOY g s19aulBug Yio}s
ElOLS

Correction factor LMTD 1
Process Conditions
Shell side Tube side

Medium Cooling water Vapor
Temp. in [°C] 33 138
Temp. out [°C] 43 57
Pressure [bara] 1 2.5
Density [kg/m®] 998 3
Mass flow [kg/hr] 64053 24922
Vapor fraction 0 1.0
Average specific [kJ/kg K] 4.2 2.072
heat
Heat of [kl/kg] - -
evap./cond.
Material cs SS
Remarks:
Case identification : normal Design
Overcapacity : Revision : 3.00
Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30

M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000

C:\My Documents\CPD\Equipment design\E408DS.doc




HEAT EXCHANGER - SPECIFICATION SHEET

Equipment number : EA409 Inseries : A
Name : Post cooler K404 In parallel : %’m
General Data =
Service : Reboiler a -I
Type + Thermosyphon E D
Position : Horizontal i
Capacity : 4135kW o
Heat exchange area : 188 m’ E, m
Overall heat transfer coefficient : 750W/m* K 8 w——
Log. mean temp. difference (LMTD) : 29K = A
@

Process Conditions

Shell side Tube side

Medium : | water liquid
Temp. in [°C] s |33 108
Temp. [°C] : |43 43
Pressure [bara] ¢ |1 5
Density [kg/m’] : | 998 %
Mass flow [kg/hr] : | 356150 24922
Vapor fraction : |0 1
Average specific [kJ/kg K] : |42 1.291
heat
Heat of [kJ/kg] : |= -
evap./cond.
Material : |es SS
Remarks:
Case identification : normal Design
Overcapacity : Revision : 3.00
Designers: F. Kleijn van Willigen R.M. Boucke Project ID; CPD3244 / P80511 CA30

M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000

C: Wy Documents\CPD\Equipment design\E409DS.doc




HEAT EXCHANGER - SPECIFICATION SHEET

Equipment number : E410
Reboiler C405

Name

Inseries : -
In parallel : A4~

General Data

Service

Type

Position

Capacity

Heat exchange area
Reduced temperature

: Reboiler

: Thermosyphon
: Vertical

+ 1583 kW

: 26m’

: 031

siojoeljuon g sieaulbug yio)g
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Heat flux : 60000 W/m®
Process Conditions
Shell side Tube side
Medium Condensing steam Liquid
Temp. in [°C] 160 -
Temp. out [°C] 160 61
Pressure [bara] 7.8 5
Density [kg/m’] - 809
Mass flow [kg/hr] 2739 13362.9
Vapor fraction - 0
Average specific [kJ/kg K] - 2.644
heat
Heat of [kJ/kg] 2084.3 -
evap./cond.
Material CS SS
Remarks:
Case identification : normal Design
Overcapacity : Revision : 3.00
Designers: F. Kleijn van Willigen R.M. Boucke Project ID: CPD3244 / P80511 CA30
M.J. Sorgedrager F.A. Sheldon Date : January 1, 2000

C:\My Documents\CPD\Equipment design\E410DS.doc




Appendix 13 - EO Reactor Design

Reactor Specifications
Inner tube diameter [m]
Reaction tube length [m]
Outer tube diameter [m]
Tube pitch [m]

Catalyst Specifications

Particle diameter [m]
P P

Reactivity [kg EO/m3cat ]
__A
Flow Specifications

EO massflow [kg/h] IN
OuT

PRODUCTION

Total massflow [kg/h]
Total Volume flow [m3/h]

Density [kg/m3]
Calculations:

Single tube Area [m?2]

Single tube Volume [m3]

Total Reaction Volume [m3]

Volume per reactor [m3]

Number of tubes per reactor [-]

Tube bundle diameter per reactor [m]

Shell or Reactor diameter [m]
Retention time [sec]

Total outer tube area per reactor[m?]

d,; :=0.04
dto_ =0.044

L tube =8.
pyi=1.25d,,
dp‘.ZO.OOB_ *
R cat =250

M g0 =31494.129

M, E0 “MoE0-MiEo

4

F ot 8031422

F,:= 74293.2(

F

pim Tt / p=10.514
F, _
=1 2 =3
Atbe =774 A b = 1.257+10
S Je V0. =00l
tube'*z’“' ti tube tube = 0010
i .
V gz PRO V = 125975
R
cat
(1
V. EVrt V =62988
\
N =" N, = 6265+10°
Vtube ‘
e
N[ 2.207
D=l e D, = 4.638
D, :=0.5p,+Dy D, = 4.666
3600V 4
| (- — O v
R, T = 5.944

Aot tube =o' N ¢'L tube

3
A ot tube = 6:929°10



Pressure Drop:- -4
OSFE

Superﬁcia['vclocity [m/s] - Vgi= ~
A tube'N 3600 vg= 1346
Superficial mass velocity [kg/m3s] Vins =Vg'P Vs = 1415
e —
Bed Porosity [-] € ped =042
Viscosity [Ns/m2] n=2.0110°
P
k: . 1.4 ;
( Vs (1 - £pea) [ 150-(1 abe&
X P AP = T [{L +~+ 175V s 'L ybe
Pd € bed s
AP = ~2.632¢10° Pgi=22
p=—2 .p, P = 19.402
101300
Heatsections
E102
Lengthtubes[m] L o, =2.2235 Vigs = (Zl'“‘dtiz)‘Lloz'Nt V 0= 17.507_
E103
Length tubes [m] L 103 =1.3125 A% 103 = (%ﬂd UZ)L 103N . Vv 103 = 103;_‘2_
/ v L
Total reactor volume [m3] Vi [r-: VioViootVios V¢ =90.828
N
Total tube length [m] Li =LgbetLio2tL 103 L,=1).536

f

A/



Appendix 13 - Carbonate Reactor Design

Reactor Specifications

Reactor Diameter [m] D =4
Cross sectional Area [m2] A= —I—-r(-D I.z A = 12.566
r —-—-4_‘—--.
Bed Porosity [-] /e bed -=0.34
LS
Catalyst Specifications
Particle diameter [m] — d p :=0.01
Reactivity [kg %O;miqat;n] R gq¢ =300
Flow Specifications
EO massflow [kg/h] IN M: = 18518.383
1.EO
ouT M 0.EO =0
My po = 2185210
Total massflow [kg/h] F ot :=695208.5
Total Volume flow [m3/h] F, :=616.5 Fy.out :=639.9
F
- mt _ 03
Density [kg/m?] p .-F_V p=1.128+10
Calculations: M
Total Reaction Volume [m3] V= pEO
R cat
v rt
Totaal Reactor Volume [m3] V Rt T r— V Re= 181,553
®bed
Corrected volume for gas volume [m3] v R‘EVRI"' 20 VR =201553
VR
Reactor height [m] Ho=—0 H,=16.039
A T
YR
Retention Time [min] T =60 T = 18.899
Fyout



Pressure Drop:

v
Superficial velocity [m/s] Vg =
A 13600 v¢=0014
Superficial mass velocity [kg/m?s] Vs =Vs?P Vins = 15.367
Viscosity [Ns/m2] p=0.273
Ergun
T [ oy 150:(1-¢ o
ooV { b;'d). (1 #bea) £175v|H, Pa
pd o€ bed dp
AP=-1002:10° Pa  P(:=33  Bar
p=_ _.pg P=23.11  bar
101300




Appendix 13 - MEG Reactor1 Design

Reactor Specifications

Reactor Diameter [m]
Cross sectional Area [m?2]

Bed Porosity [-]

Catalyst Specifications
Particle diameter [m]
Reactivity [kg EC/m3 cat./h]
Flow Specifications
EC massflow [kg/h] IN
ouT
PRODUCTION

Total massflow [kg/h]

Total Volume flow [m3/h]

Density [kg/m3]

Calculations:

Total Reaction Volume [m3]

Totaal Reactor Volume [m3]

Corrected volume for gas formation [m3]

Reactor height [m]

Retention Time [min]

M g i=37028.237
M, pe = 18514.119

MpEC *MoEc-MiEC
M, gc =-185110°

F oy = 77472.1
Fy=744  F gy =922
F
pos ot p = 1.041+10°
F\-"
‘M
2 PEC V = 24685
Rcal
v
= Tt V gy = 72.604
€ bed
Vin 2V 0.0V 5, Vg = 79.865
v
=_R H, =6355
Al’
Y%
T =601 T = 58552
FV



Pressure Drop:

F v
Superficial velocity [m/s] Vg i
A :3600
Superficial mass velocity [kg/m2s] Vs =VgP
Bed Porosity [-]
Viscosity [Ns/m?2]
Ergun
-y {l—¢ 150:(1-¢ ‘1
AP := ms b:d), ( - bed) F 175V 6 [ H,
Pdp€ bed P
wp=-843310" Pa  Py=25  Bar
P:= i +Pg P=24.168 Bar
101300

Chimney tray calculation

Chimney area [m?]

Chimney diameter (100 tubes) [m]

Criterium [pv2]

Free area [m?]

2

F v.out

84-

A-3600

Api=A_~A

volume needed for a residence time of liquid of 3 min:

Chimney hoogte [m]

Total volume:

Total Height

=3.489

vg= 164510
Vms = 1.713

€ bed '=0.34

1 =0.485

A =1.257

D =0.126

Agp=1131

V=372

H=0.329

V = 83.585

3



Appendix 13 - MEG Reactor2 Design

Reactor Specifications

Reactor Diameter [m]
Cross sectional Area [m2]

Bed Porosity [-]

Catalyst Specifications
Particle diameter [m]

Reactivity [kg EC/m3 cat./h]
Flow Specifications

EC massflow [kg/h] IN
OuT

PRODUCTION

Total massflow [kg/h]

Total Volume flow [m3/h]

Density [kg/m?3]

Calculations:

Total Reaction Volume [m3]

Totaal Reactor Volume [m3]

Corrected volume for gas formation [m3]

Reactor height [m]

Retention Time [min]

2D A = 12.566

M ;gc = 18513.666
M o.EC =18.514

MpECc *MoECc-MiEC
M e = -1.85+10°

F 0 =67930.9
Fy =667  F oy i=867.7
F
=_mt p=1.018:10
F\"
‘M
Vg B V 4= 24.66
R
cat
Vo
Vg V pe= 7253
€ bed
VR =V g+01:Vg, Vg =79.783
v
=R H_ = 6.349
AT
v
T =602 T = 65.244
v

3



Pressure Drop:

05:F
Superficial velocity [m/s W =
i FEE 5 A 3600
Superficial mass velocity [kg/m2s] Vms =VgP

Bed Porosity [-]
Viscosity [Ns/m2]

Ergun

Vs (1~ ® bea) | 150-(1 - £ bed)

3
PdpE bed dp

AP :=

+ 1.75:V s 'Hr

AP=-3775410 Pa  Py:=25  Bar

p=_% .p, P=24.627 Bar

101300

Chimney tray calculation

Chimney area [m2]

Chimney diameter (100 tubes) [m]

e F 2
Criterium [pv2] 84. v.out 3.09
A-3600
Free area [m?] Ar=A.-A
F

volume needed for a residence time of liquid of 3 min: V= 6_{:-3

Ve
Chimney hoogte [m] H=—

g
Total volume: Vi=V Rt A% a
Total height: H{=H +H

vg=7372:10 4

V s = 0751
£ bed =0.34
n:=0.485

A =1257

D=0.126

Af= 11.31

V,=3335

H=0.295

V=83.118

H=6.644



Appendix 13

Gas liquid vessel design

V101 steam drum
Hold up time for liquids [min]

incoming steam from reactor [kg/h]

outgoing BFW water [kg/h]

incoming water from equipment [kg/h]
outgoing steam to equipment [kg/h]
Specific volume saturated liquid [m3/kg]
Specific volume saturated vapor [m3kg]

Densities [kg/m3] pLi=—
Vil
Py~ :

Y W sV
maximum design vapor velocity L. =0035 PL
from C&R p410 [m/s] W p_

v
Vapor volume flow [m3/s] o= Fsr
Y p 3600
F v
Minimal vessel area [m?] . e —
Uy
Vessel area (chosen) [m?]
A v
Diameter [m] D= [4—
n
Disengagement space [m] Hy=Dy

thfzs

F = 106557

F ;= 106557

F 4o = 106557

g -3
V g :=1.209-10

Vg, 27145107
pp =827.13

p, = 13.99

uy, = 0.269

F,=2l15



Appendix 13
F
Liquid volume flow [m3/s] R s o
p1-3600
L
Volume for holdup [m3] Vi =Fpty60
Liquid depth [m] Vi
R

Vessel size: Height :=Hy + H g

Diameter :=D ,

Area :=A

Volume = Height-Area

Fg =0.036

V= 10.736

Hy = 1.366

Height=4.529 m
Diameter = 3.164 m

Area=786 m’

Volume = 35.601 m*



Appendix 13
V102 steam drum
Hold up time for liquids [min] th =5
incoming steam from reactor [kg/h] Fop:=51117
outgoing BFW water [kg/h] Fpfw =517
incoming water from equipment [kg/h] F 4;:=51117
outgoing steam to equipment [kg/h] B o5 i=51117
Specific volume saturated liquid [m3/kg] V g :=1.102. 10
Specific volume saturated vapor [m3/kg] V gy 1=306.8: 103
. -
Densities [kg/m3] PL ,-V;; py =907.441
DS
TV, py=3259
maximum design vapor velocity = PL N
from C&R p410 [m/s] My SRR Uiy 088
v
3 F
Vapor volume flow [m3/s] F = sr F=4.356
p 3600
F v
Minimal vessel area [m?] A=z A=746
u
v
Vessel area (chosen) [m?] Ay i=A
Ay
Diameter [m] D, = |4— D, =3.082
n
Disengagement space [m] Hy=Dy H =3.082



Appendix 13
F
Liquid volume flow [m3/s] Fp:= bfw
p 13600
L
Volume for holdup [m3] Vi =Fpty60
Liquid depth [m] Vi
H I E—_—
A v
Vessel size: Height :=Hp +Hy

Diameter :=D
Area :=A

Volume :=Height-Area

Fp =0016

V= 4.694

Hp =0.629

Height=3.711 m
Diameter = 3.082 m
2
Area = 7.46 m

Volume = 27.684 m



Appendix 13

V301 VIL separator C301

Hold up time for liquids [min]

outgoing vapor flow [kg/h]
outgoing liquid flow [kg/h]

Densities [kg/m?3] liquid flow

vapor flow

maximum design vapor velocity
from C&R p410 [m/s]

Vapor volume flow [m3/s]

Minimal vessel area [m?]

Vessel area (chosen) [m?]

Diameter [m]

Disengagement space [m]

Liquid volume flow [m3/s]

Volume for holdup [m3]

Liquid depth [m]

Vessel size:

p
u, 20035 p_L
v
. Fov
Y py3600
F
Ai:._v
Uy
A
Dv:= 4-_V
m
Hy:=D,
. Fol
p 3600
V =F 1,60
Y
h
Hiy i=——
LA

Height :=Hp + H 4

Diameter =D v

Area :=A

Volume :=Height-Area

th::5

F oy = 1152
F o :=3193

PL =978

p,:=0.1156

uv=3.219

Hd= ]046

Fp =9.069+10 *

V}=0272

Height = 1.363 m
Diameter = 1.046 m
Area = 0.86 m?

Volume = 1.172 m



Appendix 13
V302 V/L separator C302
Hold up time for liquids [min] ty =5
outgoing vapor flow [kg/h] F oy :=100
outgoing liquid flow [kg/h] F o :=25666
Densities [kg/m?3] liquid flow pr, =1013
vapor flow py:=0.1
maximum design vapor velocity -~ PL N
from C&R p410 [m/s] b .
v
3 F
Vapor volume flow [m3/s] F o= ov F,=0278
p 3600
T F v
Minimal vessel area [m?] A=— A=0.079
Uy
Vessel area (chosen) [m?] Ay =4
A v
Diameter [m] D= [4— D, =2257
n
Disengagement space [m] Ha=Dy H4=2257
P Fol =3
Liquid volume flow [m3/s] = Fy =7.038:10
p 13600
Volume for holdup [m?3)] Vi =Fpt60 Vy=2111
Liquid depth [m] Vi
Hi, f Hy =0.528
Ay
Vessel size: Height :=H + Hy Height=2.785 m
Diameter :=D , Diameter = 2.257 m
Area = A, Area=4 m?

Volume '=Height-Area Volume = 11.138 m’



V401 VIL separator C404

Hold up time for liquids [min]
outgoing liquid flow [kg/h]

Densities [kg/m3) liquid flow

Vessel area (chosen) [m?]

Diameter [m]

Liquid volume flow [m3/s]

Volume for holdup [m3]

Liquid depth [m]

Vessel size:

Appendix 13

Height :=H

Diameter :=D v

Area ‘=A
Volume :=Height-Area

th:=5
FOI =12976

pp:=1013

D, = 1382

=
Fp =3.558:10
V= 1.067

Hp =0.712

Height =0.712 m

Diameter = [.382 m

Area= 1.5 m2

Volume = 1.067 m



$201 CO, flash drum

Hold up time for liquids [min]

outgoing vapor flow [kg/h]
outgoing liquid flow [kg/h]

Densities [kg/m3]

vapor flow

maximum design vapor velocity
from C&R p410 [m/s] '

Vapor volume flow [m?3/s]

Minimal vessel area [m?]

Vessel area (chosen) [m?]

Diameter [m]

Disengagement space [m]

Liguid volume flow [m3/s]

Volume for holdup [m3]

Liquid depth [m]

Vessel size:

liquid flow

Appendix 13

Height =Hy + Hy

Diameter =D

Area :=A

Volume :=Height-Area

th'=5

F oy = 1916
F o] 12693292

PL =871

D =437

H g=437

Fp=0221

V= 66331

Hp = 4.422

Height=8.792 m

Diameter = 4.37

Area= 15

Volume = 131.884¢ m

2
m

m

3



S202 Flash Drum

Hold up time for liquids [min]

outgoing vapor flow [kg/h]
outgoing liquid flow [kg/h]

Densities [kg/m?3] liquid flow

vapor flow

maximum design vapor velocity
from C&R p410 [m/s]

Vapor volume flow [m3/s]

Minimal vessel area [m?]

Vessel area (chosen) [m?]

Diameter [m]

Disengagement space [m]

Liquid volume flow [m3/s]

Volume for holdup [m3]

Liquid depth [m]

Vessel size:

Appendix 13

Height :=Hp +H

Diameter :=D v

Area :=A
Volume :=Height:Area

D, =103
Hy=103
Fp=100410 4
V=003

Hy = 0036

Height = 1.066 m

Diameter=1.03 m

Area=0834 m’

Volume = 0.889 m



S$301 CO, Flash Drum

Hold up time for liquids [min]

outgoing vapor flow [kg/h]
outgoing liquid flow [kg/h]

Densities [kg/m3] liquid flow

vapor flow

maximum design vapor velocity
from C&R p410 [m/s]

Vapor volume flow [m3/s]

Minimal vessel area [m?]

Vessel area (chosen) [m?]

Diameter [m]

Disengagement space [m]

Liquid volume flow [m3/s]

Volume for holdup [m3]

Liquid depth [m]

Vessel size:

Appendix 13

Height:=HL+ Hd

Diameter :=D |,

Area = A
Volume :=Height-Area

[h3=5

F oy =9732

FOI =45

pp =823

py-=12
u, =029

F,=0225

A=0.777

D, =0.995

Hy=0.995

55
Fp=1519:10

V= 4.557+10 0

=3
Hp =5.863+10

Height=1.001 m
Diameter = 0.995 m

Area=0.777 m2
Volume = 0.778 m



Appendix 13 - Heat exchanger calculations

Name Heat dut Inlet T Outlet T IN ouT mass flow OPEX
$/hr
kW GJ/hr e °C °C bara °C bara ka/hr

R101 Reactor R101 EO reactor -53625 -193.05 240 hot 230 27.6liq 230 27.6 vap -106557 generated HPS  $ -988.85
E101 E101 Exchanger 31901 114.84 180 110 cold 34 110 E101

S$201: Flash drum S201 Heater -13694 -49.30 100 hot 33 liq 43 liq 1179426 Cooling water $ 5897
$202: Flash drum $302 Heater -222  -0.80 100  hot 33 lig 43 lig 19139 Cooling water $ 096
S$301: Flash drum S301 Heater -150 -0.54 125 hot 33 lig 43 lig 12919 Cooling water $ 065
C301: Distillation column E302 Condenser -4413 -15.89 14  hot 4 liq 10 liq 630687 Chilled water $ 13244
C404: Heavy ends separator E407 Condenser -2300 -8.28 29 hot 4 lig 10 liq 328702 Chilled water $ 69.03
C302: Distillation column E304 Condenser -8944 -32.20 130 hot 120 1.9 liq 120 1.9 vap -14621 generated LPS $§ -73.11

C301: Distillation column E301 Reboiler 3500 12.60 132 cold 160 7.8 vap 160 7.8 lig 6054 MPS $ 48.43
C302: Distillation column E303 Reboiler 8889 32.00 164 cold 230 27.6 vap 230 27.6 liq 17663 HPS $ 163.91

C401: Raw EO stripper E401 Reboiler 29806 107.30 136 cold 230 27.6 vap 230 27.6 liq 59226 HPS $ 549.62
C403: EO secondary Stripper E405 Reboiler 5000 18.00 109 cold 120 1.9 vap 120 1.9 liq 8173 LPS $ 40.87
C404: Heavy ends separator E406 Reboiler 2031 7.31 121 cold 160 7.8 vap 160 7.8 lig 3512 MPS $ 28.10
C405: Light End separator E410 Reboiler 1583 5.70 61 cold 120 1.9 vap 120 1.9 lig 2588 LPS $ 1294
E102 E102 Exchanger 51290 184.64 110 220 cold 230 27.6 vap 230 27.6 lig 101918 HPS $ 945.80
E103 E103 Exchanger -29551 -106.38 240 180 hot 160 7.8 lig 160 7.8 vap -51117 Generated MPS $ -408.93
E104 E104 Exchanger -29665 -106.79 110 43  hot 33 lig 43 lig 2554898 Cooling water $ 127.74
E105a E105a Exchanger -15466 -55.68 43 20 hot 4 liq 10 liq 2210340 Chilled water $ 46417
E105b E105b -23787 -85.63 78 43  hot 33 lig 43 lig 2048650 Cooling water $ 10243
E201 tubes E201 tubes -26108 -93.99 117 78 hot 105 liq 42 lig E201

total 65362 -235.30

E201 shell E201 shell Exchanger 26108 93.99 42 105 cold 78 lig 117 lig E105

E202 E202 Exchanger 3473  12.50 89 150 cold 160 7.8 vap 160 7.8 liq 6008 MPS $ 48.06
E203 E203 Exchanger 406 1.46 133 150 cold 160 7.8 vap 160 7.8 liq 703 MPS $ 5.62
E408 E408 Exchanger -744  -2.68- 138 57 hot 33 liq 43 liq 64053 Cooling water $ 320
E402 E402 Exchanger 542  -1.95 134 43  hot 33 liq 43 lig 46711 Cooling water $ 2.34
E403 E403 Exchanger -4636 -16.69 131 43  hot 33 lig 43 lig 399253 Cooling water $ 19.96
E404 E404 Exchanger -1359  -4.89 100 43  hot 33 lig 43 lig 117079 Cooling water $ 5.85
E409 E409 Exchanger -4135 -14.89 108 43  hot 33 li 43 lig 356150 Cooling water $ 17.81




Appendix 13 - Heat exchanger calculations

Name 720 K |
Tube lengtt Tube dia__One tube Tubes Shell dia  outlet pipe ¢
LMTD U A m m m2 m m
R101 20 6929 8 0.044 1.11 6265 4.66 1.55
E101 73 110 3973
4 maal 993 4.88 0.025 0.38 2589 213 1.00
S201 Coils are not sized, heat transfer is presumed not to be a problem
S302 Coils are not sized, heat transfer is presumed not to be a problem
S301 Coils are not sized, heat transfer is presumed not to be a problem
LMTD U A Tube lengtl Tube dia One tube Tubes Shell dia  outlet pipe ¢
K W/m2K m2 m m m2 m m
E302 7 2000 337 2.44 0.025 0.19 1756 1.79 0.82
E407 22 2000 52 244 0.025 0.19 272 0.78 0.32
E304 10 1000 894 2.44 0.025 0.19 4662 2.78 1.34
MTD - Tr heatflux A Tube lengtl Tube dia one tube Tubes Shell dia  outlet pipe ¢
K - W/im?2 m2 m m m2 m m
E301 27.70 0.41 35000 100.00 2.44 0.025 0.19~ 521 0.87 0.45
E303 65.60 0.55 60000 148.15 2.44 0.025 0.19 772 1.03 0.55
E401 94.20 0.51 60000 496.76 2.44 0.025 0.19 2589 1.78 1.00
E405 11.00 0.32 35000 142.86 2.44 0.025 0.19 745 1.02 0.54
E406 39.40 0.39 40000 50.76 2.44 0.025 0.19 265 0.64 0.32
E410 58.90 0.25 60000 26.39 2.44 0.025 0.19 138 0.48 0.23
LMTD U A Tube lengtl Tube dia  One tube Tubes Shell dia  outlet pipe «
K W/m2K m2 m m m2 m m
E102 44 300 3856
2 maal 1928 222 0.044 0.31 6265 4.66 1.55
E103 43 300 2276
2 maal 1138 1.31 0.044 0.18 6265 4.66 1:65
E104 30 300 3300
4 maal 825 4.88 0.025 0.38 2150 1.64 0.91
E105a 36 900 477 2.44 0.025 0.19 2484 1.75 0.98
E105b 32 900 825 2.44 0.025 0.19 4301 2.23 1.29
E201 Tubes 22 400 2950
3 maal 983 4.88 0.025 0.38 2562 1.77 0.99
E201 Shell 22 400 2949
3 maal 983 4.88 0.025 0.38 2562 1.77 0.99
E202 31 1000 111 2.44 0.025 0.19 581 0.91 0.47
E203 17 1000 24 2.44 0.025 0.19 123 0.46 0.22
E408 51 300 48 2.44 0.025 0.19 251 0.63 0.31
E402 37 300 49 2.44 0.025 0.19 257 0.63 0.32
E403 36 300 431 2.44 0.025 0.19 2249 1.67 0.93
E404 27 750 67 2.44 0.025 0.19 350 0.73 0.37
E409 29 750 188 2.44 0.025 0.19 979 1.15 0.61




Appendix 14 - Fire and Explosive Index

Process Unit EO reactor, including recycle compressor EO absorber

Material ethylene (presence of EO also considered) |EC/MEG

Material factor 24 5

General process hazards F,
0.5|moderate exotherm 0.5|diking

1|critical-to-control exotherm

Fi= 1.5 0.5

Special process hazards F, 4|health ranking 1|health ranking
0.8|penalty 0.2|penalty
0.8|flammable range penalty 1|pressure penalty

1

pressure penalty

10.45|X

0.12

X

2.39|quantity penalty

0.20

quantity penalty

0.10|corrosion penalty

0.20

corrasion penalty

0.50|compressor penalty
Fa= 3.50 3.69
F3=F¢*F, 5.25 1.84
F&EI 126 9

Process Unit

EO purification C403

MEG purification (C301+C302

Material EO MEG

Material factor 29 5

General process hazards F1
0.3]liquid above flashpoint 0.5(diking
0.5/diking

F1= 0.8 0.5

Special process hazards F2 4|health ranking 1|health ranking
0.8|penalty 0.2|penalty
0.5|subatmospheric penalty 0.5[subatmospheric pe

0.78|X 3.62|X
1.32081|quantity penalty 2.107062|quantity penalty
0.2|corrosion penalty 0.1|corrosion penalty
0.8|flammable range penalty 0.1|leakage likely
0.5|vacuum compresst

F2= 3.62081 3.507062

F3=F1*F2 2.896648 1.753531

F&EI 84.0028 8.767654




Appendix 15 — Economy

The method used for the cost-estimation of heat-exchangers, compressors and pumps is
to consider the size of the equipment and to relate that to a cost using the formula below.

C.=C*§"

wherein:
C. = purchased equipment cost
S = characteristic size parameter
C = cost constant
n = index for that type of equipment.

These calculations are done on a spreadsheet and attached. The C value , the S parameter
and the n index are all given for each piece of equipment.

Exchangers

Data is gathered from conceptual cost estimation manual. Prices are given in 1984 US
dollars. Prices are all based on carbon steel (CS) shell and tube, and no tubesheet. When
stainless steel (SS) is used, the cost is multiplied by 1.2 for SS tubes, 1.2 for SS shells,
and by 1.1 fora CS or 1.3 for a SS tubesheet.

These values are time corrected by multiplying them with 1.04" to account for the 15
year time difference.

Reactors

Data is gathered from conceptual cost estimation manual. Prices are given in 1984 US
dollars. EO reactor, is calculated as if this is a huge heat exchanger. The costs of the
MEG and EC reactors are gathered from price information per reactor volume..

These values are time corrected by multiplying them with 1.04" to account for the 15
year time difference.

Columns

Data is gathered from Coulson and Richardsons fig 6.4. The prices are given in 1992
pound sterling. These are converted to US dollars by multiplying with 1.6,

These values are time then corrected by multiplying them with 1.04” to account for the 15
year time difference.

Pumps, Compressors and vessels

Data is gathered from Coulson and Richardsons table 6.2. The price is given in 1992
pound sterling, These are converted to US dollars by multiplying with 1.6.




These values are then time corrected by multiplying them with 1.04” to account for the 15
year time difference.

CO; removal unit

The price of the CO2 removal unit is based on the price of the CO2 removal unit in the
Scientific design license, correcting for the different EO production. This leads to a price
of 7 million dollars.

Profitability measures

For the calculation of the discounted cash flow the following formula has been used:
DCF=NCF/(1 +1)"

DCF = discounted cash flow

NCF = net cash flow

r = discount rate in % /100
n = year for which the DCF is calculated.




Appendix 15 - Economy

Economy

Process Equipment Costs time base

Columns: data from C&R fig 6.4. in pound sterling mid 1992

H D steel packing trays

C101 EO absorber 32 4.7 ss mella 15 ke 462 1992
C301 Water removal 6 28 cs sieve cs 6 ke 30 1992
€302 MEG purification 17 29 cs mella 1 kE 105 1992
C401 Raw EO stripper 20 33 ss mella 8 kE 140 1992
C402 Sec EO absorber 23 0.8 s mella 9 kE 53 1992
C403 Sec EO stripper 12 1.8 ss mella 5 kE 45 1992
C404 Heavy end separator 10 0.7 ss sieve 15 kE 24 1992
C405 Light end separator 3 09 sS sieve 20 ke 13 + 1992
Total columns costs kE 872 1992

Exchangers: data from conceptual cost estimation manual in dollars mid 1984

$ 180 per m2; SS tubes *1.2; tubesheet: CS*1.1 85*1.3 C*1.2
Area (m2) Tubes Shell Sheet

E101 Feed preheater 3973 Ss SS SssS k$ 1,116 1984
E102 Feed Heater 3856 Ss cs cs k$ 916 1984
E103 Effluent cooler 2276 Ss cs cs k$ 541 1984
E104 Effluent secondary cooler 3300 Ss cs cs k$ 784 1984
E105A Absorbent cooler 477 ss cs cs k$ 113 1984
E105B Absorbent cooler 825 Ss cs Cs k$ 196 1984
E201 Preheater R201 2950 Ss ss SS k$ 828 1984
E202 Preheater R202 111 cs cs Ccs k$ 22 1984
E203 Preheater R203 24 cs cs cs k$ 5 1984
E301 Reboiler C301 100 cs cs cs k$ 20 1984
E302 Condensor C301 253 cs cs cs k$ 50 1984
E303 Reboiler C302 148 Ccs cs cs k$ 29 1984
E304 Condenser C302 256 cs cs cs k$ 51 1984
E401 Reboiler C401 496 Ss cs cs k$ 118 1984
E402 Post - cooler K401 49 Ss cs cs k$ 12 1984
E403 Post Cooler K402/403 431 ss cs cs k$ 102 1984
E404 Absorbent cooler 67 ss cs cs k$ 16 1984
E405 Reboiler C403 143 ss cs cs k$ 34 1984
E406 Reboiler C404 51 Sss cS cs k$ 12 1984
E407 Condenser C404 52 ss cs cs k$ 12 1984
E408 Post cooler K404 48 ss cs cs k$ 11 1984
E409 Reboiler C405 26 S8s cs cs k$ 6 + 1984
Total heat exchanger costs k$ 4,995 1984

compressors Coulson and Richardsons tak power P
cost=C*S" S (kW) C(£) n  spared \
K101 Loop gas compressor 3058.6 500 0.8 | KkE 307 1992
K102 Recycle compressor 745.4 500 08 | 1 kE 99 1992
K103 CO, compressor 286.9 500 08 1 kE 46 1992
K301 vacuum compressor C301 680.0 700 08 1 1\'| kE 129 1992
K302 vacuum compressor C302 7.0 700 08 I k£ 3 1992
K401 EO primary compressor 4485 500 0.8 [ 1 | ke 66 1992
K402 EO sec Compressor 644.0 500 0.8 |1 } k& 88 1992
K403 EO recycle Compressor 205.6 500 0.8 1 ke 35 1992
K404 Raw pri. EO compressor 1067.6 500 0.8 \ 1 /J kE 132 1992
K405 Raw sec. EO compressor 451.1 500 08 % ¥ kE 66 + 1992
Total compressor costs kE 974 1992

pumps Coulson and Richardsons table 6.2 power API-610
cost=C*S" S (kW) C(£) n  spared
P101  Main absorbent pump 465.1 500 0.8 2 £ 136,154 1992
P102  Absorbent pump 15.9 500 0.8 1 £ 4579 1992
P103 Coolant pump 6.3 500 0.8 2! £ 4,339 1992
P104 Coolant pump 3.0 500 0.8 2 £ 2,410 1992
P201 EO feed pump 287.4 500 0.8 1 £ 46,322 1992
P202 liquid phase pump S202 0.2 500 0.8 1 £ 119 1992
P203 Water pump 2.1 500 o8 1 £ 901 1992
P204 liquid phase pump S201 46.8 500 0.8 1 £ 10,835 1992
P205 liquid phase pump R202 6.4 500 0.8 1 £ 2,221 1992
P301 Reflux pump C301 2.2 500 0.8 1 £ 941 1992
P302 Reflux pump C302 0.7 500 0.8 1 £ 363 1992
P303 MEG pump 2.4 500 0.8 1 £ 1,000 1992
P304 Heavy component pump 0.0 500 08 1 £ 14 1992
P305 Raw MEG pump 35 500 0.8 1 £ 1,348 1992
P401  Absorbent pump 257.0 500 0.8 1 £ 42357 1992
P402  Reflux pump C404 0.1 500 0.8 1 £ 94 1992
P403  Bottom pump C402 9.1 500 0.8 1 £ 2,930 1992
P404  Absorbent pump 23.1 500 0.8 1 £ 6,173 1992
P405 Bottom pump C405 1.9 500 0.8 1 £ 845 + 1992
Total pump costs kE 264 1892
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Reactors from Conceptual cost estimating manual

R101 EO reactor based on 2 heat exchangers with A=7000 k$ 3,326 1984
R201 Carbonate reactor data from Conceptual cost estimating manual k$ 600 1984
R202 Primary MEG reactor data from Conceptual cost estimating manual k$ 500 1984
R203 Secondary MEG Reactor data from Conceptual cost estimating manual k$ 500 + 1984
Total reactor costs k$ 4,926 1984
vessels from Coulson and Richardsons table 6.2 volume
m3
$201 CO2 flash drum horizontal CS 132 kE 28 1992
$202 Flash drum horizontal CS 1 ke 2 1992
S$301 CO2 flash drum horizontal CS 1 kE 1 1892
V101 Steam drum horizontal CS 356 k& 13 1982
V102 Steam drum horizontal CS 27.7 k& 11 1992
/301 VI/L separator C301 horizontal CS 1 k£ 2 1992
V302 V/L separator C302 horizontal CS 11 kE 6 1992
V401 V/L Separator C404 horizontal SS 1 kE 2 + 1992
Total vessel costs kE 64 1992
Special equipment N\
C102 CO2 removal system fixed price, source Scientific Design k$ 7,000 1999
cost index for 1 year 1.04
Summary
Total columns costs ke 872 1992
converted to dollars (£ = 1.6$) k$ 1,395 1992
time corrected k$ 1,836 1999
Total heat exchanger costs k$ 4,995 1984
time corrected k$ 8,995 1999
Total compressor costs kE 974 1992
converted to dollars (£ = 1.5%) k$ 1,558 1992
time corrected k$ 2,050 1999
Total pump costs kE 264 1992
converted to dollars (£ = 1.5%) k$ 422 1992
time corrected k$ 556 1999
Total reactor costs k$ 4,926 1984
time corrected k$ 8,872 1998
Total vessel costs kE 64 1992
converted to dollars (E = 1.5%) k$ 103 1992
time corrected k$ 136 1998
C102 CO2 removal system k$ 7,000 1999
Total purchased equipment costs (PCE) k$ 29,310 1998
Total physical plant costs (PPC) k$ 95256
Fixed capital (FC) k$ 138,121




1 Fixed capital (FC)
Operating Costs

variable costs
Ethylene

Oxygen

Methane
Methylene chloride
Water

Catalyst EO reaction, alumina carrier

Silver for catalyst

Catalyst based on DOW MSA-1

Chilled water
Cooling water
Steam
Electricity

2 Total raw materials
3 Total Utilities

4 Miscellaneous materials
5 Maintenance

6 Operating labour
7 Lab costs

8 Supervision

9 Plant overheads

10 Capital charges
11 Insurance
12 Local taxes
13 Royalties
Annual production costs
Annual income
EO sales
MEG sales

Total sales

Economic margin
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price use
520.00 $iton 193,198
50.00 $/ton 184,584
120.00 $/ton 11,592
750.00 $/ton 12
2.50 $/ton 65,143
10352.94 $/m3 125,975 m3 per 3 yr
5.18 $/ounce 176,056
11764.71 $/m3 327
0.21 $/ton
0.02 $iton
9.28 $iton
0.04 $/kWh 69,823,689
10% of 5
10% of 1
20% of 6
20% of 6
50% of 6
15% of 1
1% of 1
2% of 1
1% of 1
Price Production
$ 1,080.00 103,800
$ 650.00 205,328

ton
ton
ton
ton
ton

=5 ton
m3

kWh

k$

138,121

Cost per Year

k$
k$
k$
k$
k$
k$
k$
k$
k$
k$
k$
k$

k$
k$

k$
k$

k$
k$
k$
k$

k$
k$

k$
k$

k$

k$
k$
k$

k$

100,463
9,229
1,391

9

163
435
912
3,843
5323
1,090
2,595
2,793

116,445
11,801

1,381
13,812

1,381
2,762
1,381

174,812

112,104
133,463
245,567

70,755




Appendix 16 - Lovenstein calculations

Column number |Tray spacing |Density liq | Density vap |Vapor rate |Vapor velocity |Column diameter Aspen comparison
It rhol rhov Vw uv Dc height |Aspen Dc
[m] [kg/m3] | [kg/m3] [kg/s] [m/s] [m] [m] [m]
Cc301 0.6096 1011 1 9.04 1.718 2.589 6.1 277
C404 0.6096 896 3 3.604 0.932 1.281] 11.5824 1.22
C405 0.6096 809 8 3.211 0.541 0.972| 60.96 0.91






