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Abstract

Capturing CO2 directly from the air has gained wide attention as it is one of the possible solutions to
mitigate the risks of climate change. Zero Emission Fuels (ZEF) is a start-up in Delft that develops a
small-scale plant to produce methanol from sunlight and air only. CO2 and H2O is captured from the air
by a direct air capture unit that operates continuously by means of an absorption and stripping column.
Liquid amines are investigated as chemical sorbent. In this work, the stripping column is characterized
and optimized for the liquid amine tetraethylenepentamine (TEPA).

A vapor-liquid equilibrium based stage-by-stage stripper model was established using mass and en-
ergy balances for each stage individually. A number of input parameters was specified to understand
the effect of those parameters on the performance of the stripping column. The parameters include;
composition, temperature and mass flow rate of the feed, number of stages, H2O reflux ratio, temper-
ature of the reboiler and absolute pressure of the column. The mass balance was solved according to
the Rachford-Rice equation while using bisection as numerical root finder.

To validate the stripper model, experiments were performed for varying configurations regarding the
input parameters mentioned above. For this, a trayed stripping column with bubble caps, was build
and adjusted according to the experimental plan. Furthermore, single stage kinetic experiments were
performed at 115 °C and 950 mbar to find the limitations of the desorption process inside the column.
Subsequently, the Damköhler number was estimated to understand the effects of reaction rate and
diffusion during the process.

Sensitivity analyses were performed to find the effect of input parameters on the performance of the
stripping column. The effect was measured in terms of; CO2 concentration in the outlet stream, cyclic
capacity of the liquid solvent, CO2 and H2O vapor ratio in the top stage of the column and energy
demand per desorbed mol of CO2. Based on the results, a tool to predict the performance of the
stripper in an elementary way was produced.

Based on the kinetic experiments, it was found that a typical hold up time that is required for the
system to reach equilibrium was measured at 600 s. This number was used to estimate the liquid hold
up volume per stage in the final stripper design.

The experimental and model results were combined in a new stripper design considering the operating
conditions stated by ZEF. The 5 stage column operates at 1000 mbar and a reboiler temperature of 120
°C. The feed was preheated up to 105 °C and the mass flow rate was determined at 0.31 g/s resulting
in a hold up volume of 187 ml per stage. The cyclic capacity of the system equals 3.3 mol CO2 per kg
TEPA and the energy demand was found to be 279 kJ per mol CO2.

In addition, a new design for ZEF’s direct air capture system was presented where the absorption
column is modelled as a black box. An heat exchanger was implemented to minimize the energy
demand of the system, which resulted in a lowest energy demand of 2319 kWh per ton of CO2. This is
slightly higher than the DAC energy demand of companies like Climeworks, Carbon Engineering and
Global Thermostat, but could potentially decrease when optimizing the system.
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Table 1: List of symbols used in this work including their description and units.

Symbol Description Units

J Diffusion flux [mol/m2 · s]
c Molar concentration [mol/m3]
CC Cyclic capacity [mol/kg]
cgas Solubility of gas [mg/L]
cp Specific heat [J/kg ·K]
D Diffusion coefficient [m2/s]
Dall Damköhler number [−]
kB Boltzmann constant [m2 · kg/s2 ·K]
µ Dynamic viscosity [Pa · s]
η Efficiency [−]
r Radius [m]
r Reaction rate [mol · s/m3]
R Universal gas constant [J/mol ·K]
R Reflux ratio [−]
Rtop Vapor top ratio in column [−]
K K value [−]
k Reaction rate coefficient [s−1]
kL Mass transfer coefficient in liquid phase [m/s]
h Height [m]
h Molar enthalpy [J/mol]
H Henry constant [mol/m3 · Pa]
Hvap Heat of vaporization [kJ/mol]
Hlat Latent heat [kJ/mol]
Habs Heat of absorption [kJ/mol]
y Vapor phase mole fraction [−]
x Liquid phase mole fraction [−]
z Feed mole fraction [−]
E Energy demand [mol/kg]
Ea Activation energy [J/mol]
Ha Hatta number [−]
ρ Density [kg/m3]
M Molecular weight [g/mol]
m Mass [kg]
ṁ Mass flow rate [kg/s]
Q Heat [W ]
Qreb Reboiler duty [W ]
α Relative volatility [−]
γ Activity coefficient [−]
φ Fugacity coefficient [−]
β Fraction that is vaporized [−]
S Stripping factor [−]
T Temperature [°C]
t Time [s]
g Gravitational constant [m3/kg · s2]
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Table 2: Continuation of list of symbols used in this work including their description and units.

Symbol Description Units

A Additional mass flow rate [mol/s]
V Volume [m3]
V Vapor mass flow rate [mol/s]
VB Boil up ratio [−]
L Liquid mass flow rate [mol/s]
L Diffusion length [m]
L Loading of mixture [mol/kg]
F Feed mass flow rate [mol/s]
w Mass fraction [wt%]
Pabs Absolute pressure [mbar]
Pi Partial pressure of component i [mbar]
N Number of stages [−]

Table 3: List of molecular structures used in this work including their description.

Molecular structure Description

CaCO Calcium Oxide
CaCO3 Calcium Carbonate
Ca(OH)2 Calcium Hydroxide
CH3OH Methanol
CO Carbon Monoxide
CO2 Carbon Dioxide
H2 Hydrogen
HCO3

- Bicarbonate
H2O Water
K2CO3 Potassium Carbonate
KOH Potassium Hydroxide
NaOH Sodium Hydroxide
O2 Oxygen
R1R2NCOO- Carbamate
R1R2NH Secondary amine
R1R2NH+COO- Zwitterion
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Table 4: List of abbreviations used in this work including their description.

Abbreviation Description

AEC Alkaline Electrolysis Cell
ANN Artificial Neural Network
CCS Carbon Capture and Storage
CCU Carbon Capture and Utilisation
COCO Cape-open to Cape-open simulator
DAC Direct Air Capture
DEEA Diethanolamine
DS Distillation
FM Fluid Machinery
FTIR Fourier-transform infrared spectroscopy
GC Gas Chromatographer
HEX Heat Exchanger
HT High Temperature
LT Low Temperature
MAPA Monoamonium Phosphate
MDEA Methyldiethanolamine
MEA Mono-ethanolamine
MeOH Methanol
MS Methanol Synthesis
MSA Moisture Swing Absorption
SIT Specific Ion Interaction Theory
SR Sum-Rates
TEPA Tetraethylpentamine
TSA Temperature Swing Absorption
VLE Vapor-liquid equilibrium
ZEF Zero Emission Fuels
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Chapter 1

Introduction

This chapter gives an introduction to the topic of this research. First, global warming is explained and
the start-up ZEF is introduced. Then, the aim of this thesis is established followed by the research
objective and questions. Subsequent, the thesis approach is defined and a research methodology is
initiated. To round off, the outline of this report is presented.

1.1 Global Warming

The global energy demand is increasing and with the increase of the world’s population and the rise of
lifestyle standards due to technological development, it will most probably continue to do so. As figure
1.1 visualizes clearly, fossil fuels still make up for the majority of the energy consumption. This leads to
two serious problems: the available fossil fuel reserves are becoming depleted and the global emission
of greenhouse gasses is increasing [18].

Figure 1.1: Global energy consumption in TWh per year [1].

The main component of these greenhouse gasses is CO2 and the global concentrations of CO2 in the
atmosphere is presented in figure 1.2. One can see that the concentration has never been this high in
the last 800.000 years.
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Figure 1.2: Global concentration of CO2 in the atmosphere over the last 800.000 years [2] [3].

With the high concentration of greenhouse gasses in the atmosphere and the increase of greenhouse
gas emissions, the global average temperature will also keep increasing steadily. Figure 1.3 presents
the annual global average temperature relative to the average temperature between 1961 - 1990. The
increase in temperature, also called global warming, is obvious and will remain increasing steadily
if no drastic action is taken. To specify some clear goals, the Paris agreement was established in
2015 and signed by 189 parties [19]. To stay below a temperature increase of 1.5°C in comparison to
pre-industrial levels, a decrease of CO2 emissions of 45% compared to 2010’s emissions should be
accomplished by 2030. Followed by a net zero emission in 2050 [19].

Figure 1.3: Annual global average temperature related to 1961 - 1990 [4].

Mitigation

As stated before, mitigation technologies are required to realize the Paris agreement goals. First of all,
a switch from fossil fuel based energy to clean renewable energy is necessary. However, this should
also come with development of energy efficient technologies to reduce the global energy demand and
thus CO2 emissions. Carbon capture and storage (CCS), is another way of minimizing the CO2 emis-
sions and is necessary to achieve the Paris agreement goals and stay below the 1.5°C temperature
increase [20]. Carbon capture and utilisation (CCU) is a rapidly developing technology where CO2 is
captured and used as feedstock for the carbon-based industry. Most research has been done on cap-
ture from large point sources such as flue gases and this technology is implemented in industry [21].
Nonetheless, to minimize the concentration of greenhouse gases, negative emissions are necessary
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so CO2 must be captured from the atmosphere. This technology is called direct air capture and this is
where Zero Emission Fuels comes into play.

1.2 Zero Emission Fuels

Zero Emission Fuels (ZEF) is a start-up situated at the faculty of Energy & Process Technology at
the Delft Technical University. It is focused on producing methanol from ambient air by making use of
energy supplied by solar panels. Methanol produced in this way is also called carbon neutral methanol
since it uses renewable energy as energy source [22].

Where a typical chemical factory has a significant size, ZEF is developing a zero-emission methanol
micro-plant. An advantages of a small scale plant is that it is suitable for discontinuous operation, the
size allows it to heat up and cool fast. Due to intermittent power supply from the solar panels, this
is highly preferred. Also, ZEF is aiming on designing the micro-plant for mass manufacturing so that
many micro-plants can be made for relatively low capital costs.

A single methanol micro-plant can be connected up to 3 solar panels, each producing an average of
300W electricity. This is enough energy for the micro-plant to operate. A schematic overview of the
micro-plant is visualized in figure 1.4.

Figure 1.4: Schematic overview of the methanol micro-plant designed by ZEF.

As shown in figure 1.4, the micro-plant consists of five subsystems. Each subsystem will be briefly
explained:

• In the Direct Air Capture (DAC) subsystem, H2O and CO2 are extracted from the air by a
liquid in the absorption column. This liquid is transported into a stripping column where the H2O
and CO2 are desorbed from the liquid at elevated temperatures. H2O is then condensed and
separated from the CO2, but some H2O remains in the vapor phase.
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• The CO2 and some H2O in vapor phase are separated in the Fluid Machinery (FM) subsystem.
The CO2 enters a compressor where the pressure is brought up to 50 bar.

• The H2O enters the Alkaline Electrolysis Cell (AEC) where it is split into H2 and O2. The O2 is
removed from the system into the atmosphere.

• The H2 and pressurized CO2 enter the Methanol Synthesis (MS) reactor where MeOH and
H2O are produced by a Lurgi methanol synthesis process.

• Finally, the MeOH and H2O arrive at the Distillation (DS) subsystem where they are separated.
The MeOH is collected and H2O is fed back into the alkaline electrolysis cell.

The goal of a single micro-plant is to produce 217.5 kilograms of MeOH per year. Due to intermittent
power supply from the solar panels, the system is able to run 8 hours per day when one assumes an
average sunlight of 8 hours per day. This corresponds with the capture of 301.2 kg of CO2 and 370.0
kg of H2O by the DAC system, based on reaction 1.1.

CO2 + 3 H2 ↔ CH3OH + H2O (1.1)

As the production of a single methanol micro-plant is small compared to conventional chemical plants,
scaling up by numbers results in high methanol production yields. For example, the micro-plants can
be implemented in solar panel fields to establish solar methanol farms.

1.2.1 DAC Subsystem

ZEF has developed multiple direct air capture concepts. After multiple research and experimental
phases, gaining more and more knowledge on DAC, it was decided to develop a continuous direct air
capture concept. The DAC concept exists of two main parts, an absorption and a stripping column. In
the absorption column, liquid polyamines flow down on a vertical surface where ambient air is blown
over the liquid creating a counter current flow. In this way, H2O and CO2 are being absorbed by the
liquid polyamine. In the stripping column, the loaded polyamine is heated so that the H2O and CO2 are
desorbed. This all happens continuously. Figure 1.5 shows the current DAC setup that ZEF is using
for research, which contains the absorption and stripping column at the right and left respectively.
Literature and previous research at ZEF has proven that TEPA is one of the most favorable polyamines
to use for this process in terms of CO2 absorption kinetics, capacity and viscosity [11] [14] [23]. Life
cycle analysis of the polyamine is also a topic of research for the DAC concept.
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Figure 1.5: Direct Air Capture system designed and build by ZEF [5].

1.3 Aim of this Thesis

Stripping is a highly energy consuming process and accounts for the largest amount of the DAC sub-
system’s energy demand. Therefore, a better understanding of the process is essential to minimize the
energy demand. This thesis investigates the desorption of CO2 and H2O from TEPA. At the moment,
this is done by a state of the art multi-component stripping column which produces CO2 and H2O as
product and the lean sorbent, TEPA-H2O-CO2 mixture, as bottoms. The multi-component stripping
column is a rather complex system since it is dependent on numerous parameters. To get a better un-
derstanding of the desorption process it is important to understand the effects of these parameters on
the performance of the multi-component stripping column. This will be done by performing experiments
and establishing a stripper model which predicts the performance of the stripper for specified operating
conditions. This model will also be used to design a stripper column to meet ZEF’s requirements.

In conclusion, the aim of this thesis can be split into two separate objectives: understanding of the
working principles of a stripper column where CO2 and H2O are desorbed from a TEPA-H2O-CO2

mixture and to design a stripper column that meets ZEF’s requirements best.

1.4 Research Questions

The primary objective of this thesis is to characterize and design a stripper for a continuous direct air
capture system. To break down the research objective into more specific subjects, research questions
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are defined. Together they will contribute to fulfil the main research aim. The following research
questions are formulated:

1. What are the main parameters influencing the stripper and how do they do so?

2. Which role plays kinetics during desorption inside the stripper?

3. How can the energy demand of the stripper be minimized? What factors influence it?

4. Which stripper design meets ZEF’s requirements best?

1.5 Thesis Approach

It is important to define the scope of this research well since continuous direct air capture is a relatively
novel research field. Therefore, to frame this thesis work precisely, one must presuppose the following:

• Any experiments presented in this work are performed with the ternary mixture of TEPA-H2O-
CO2. This is due to choices made by ZEF and the availability of a VLE for this mixture. For this
reason, no other mixtures are being experimented with in this research.

• This thesis focuses solely on desorption. Absorption and life cycle characteristics such as amine
evaporation, degradation and corrosive behaviour are not being investigated. However, a basic
knowledge of absorption is required since absorption and desorption are closely related to one
another. Hence, absorption is explained in the literature research but no absorption experiments
are performed.

• This research is based on desorption during steady state operation of the stripping column.
Consequently, the transient behaviour of the stripper is left outside the scope of this research.

1.5.1 Methodology

To answer the first research question a model is made to predict the performance of the stripper for
predetermined operating conditions. This model is based on literature review of applicable models
for the vapor-liquid-equilibrium and vapor curve ZEF has at hand regarding the TEPA-H2O-CO2 mix-
ture. Next, experiments are performed to validate the model for different operating conditions such as
pressure, temperature, mass flow and mixture composition. More experiments are performed to get
an understanding of the kinetics during desorption inside the stripper. Based on previous research
and literature, an energy balance is implemented in the model to get an understanding of the energy
usage for varying parameters. Finally, the model is used to find and propose a specific stripper design
which meets ZEF’s requirement. Likewise, a design is proposed to operate under the most efficient
circumstances to obtain the optimal CO2 production per energy usage. A schematic overview of the
methodology is presented in figure 1.6.
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Figure 1.6: Schematic overview of the methodology of this thesis work.

1.6 Report Outline

The outline of this thesis follows the listed structure presented in table 1.1. Ch. 2 presents the theoreti-
cal background for subjects and concepts that are used in the following chapters. In Ch. 3, the stripper
model is explained in detail in terms of assumptions and equations. The experimental equipment and
procedures are described in Ch. 4. The results are listed and discussed in Ch. 5. A stripper design
that meets ZEF’s requirements is proposed in Ch. 6. Finally, conclusions and recommendations in
terms of experiments, model and further research are given in Ch. 7.

Table 1.1: Report outline

Ch. 1 Introduction
Ch. 2 Background
Ch. 3 Model Description
Ch. 4 Experimental Equipment and Procedures
Ch. 5 Results and Discussion
Ch. 6 Proposed Stripper Design
Ch. 7 Conclusions and Recommendations
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Chapter 2

Background
This chapter describes all the background information that is required to execute this study. An
overview of CO2 capture technologies is given. Next, the scope is narrowed down to liquid amine
solvents for CO2 capture and TEPA is being introduced. Afterwards, stripping is elaborated on in terms
of stripping fundamentals and industrial stripping, followed by a detailed description of the energy us-
age in a stripper column. Also, the relevant vapor-liquid equilibrium and vapor curve are discussed.
Then, a brief review of available stripper column solving methods is given and a decision on the most
suitable method is made. Finally, a summarized conclusion is provided. An visual overview of this
chapter is presented in figure 2.1

Figure 2.1: Visual overview of the background chapter outline.

2.1 CO2 Capture

As explained in section 1.1, carbon dioxide has become the most crucial greenhouse gas that causes
climate change. Since climate change is one of the main challenges humanity is facing nowadays,
the field of CO2 capture is growing rapidly [24]. Two main types of CO2 capture technologies can be
distinguished, CO2 capture from industrial combustion processes and CO2 capture from ambient air,
also called direct air capture (DAC). Both technologies are discussed in the following sections.

2.1.1 CO2 Capture from Industrial Combustion Processes

To capture CO2 efficiently, it is most effective to capture CO2 from large point sources of CO2 [25].
These point sources include large fossil fuel or biomass energy plants, major CO2 emitting indus-
tries and natural gas production [6]. Examples of CO2 capture from industrial processes are briefly
described and schematically presented in figure 2.2.
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• Post-combustion capture: CO2 is captured from the flue gases produced by the combustion
process. This CO2 capture technology can be easily adjusted and implemented into existing
power plants [6] [24].

• Pre-combustion capture: The fuel is gasified and afterwards a water gas shift reaction occurs
where CO and H2O turn into H2 and CO2. The CO2 is captured and the H2 is combusted.
Although the initial fuel conversion steps are more costly, it leads to higher CO2 concentrations
in the gas stream. Also the use of higher pressures simplifies the separation process [6] [26].

• Oxyfuel combustion capture: A continuous oxygen gas stream is added to the combustion
process which produces CO2 and H2O that can be simply separated. However, the purification
of the air for the continuous oxygen supply is a costly process [6] [26].

Figure 2.2: Schematic representation of industrial CO2 capture systems, including post-combustion, pre-
combustion and oxyfuel capture [6].

CO2 capture from these industrial gas streams can be accomplished in multiple ways, for instance
absorption, adsorption and membrane separation [27]. The most effective method depends on the
CO2 concentration, amount of available CO2 and location of the source.

2.1.2 Direct Air Capture

To reduce the emissions of distributed CO2 emitting sources such as transport and agriculture, direct
air capture can have a significant impact since it extracts CO2 from the ambient air [28]. DAC is a
relatively novel technology and is therefore not widely implemented yet. The advantages of direct air
capture compared to CO2 from industrial combustion processes are the following:

• Firstly, DAC can be used to decrease the concentration of CO2 in the atmosphere. In other
words, it can result in negative CO2 emissions. This is an essential part of the strategy to
achieve the Paris agreement goals.
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• Small scale CO2 emission points from mobile applications such as ships or airplanes can not be
minimized by conventional capture technologies [29] [18]. DAC can reduce the impact of these
small scale emissions by capturing CO2 from the air.

• Lower concentrations of contaminants like NOx and SOx in ambient air compared to flue gases,
result in an increase in the life time of sorbents in a DAC system [18].

• Moreover, DAC can be part of the CCU technology, the captured CO2 from the air is used as
feedstock for production processes.

The major disadvantage of DAC is the small amount of CO2 present in air compared to flue gases,
0.04% and 10% respectively [30] [31]. Consequently, the energy demand to extract CO2 from air is
higher than from flue gases. Figure 2.3 presents the minimal energy demand per captured mol CO2,
based on thermodynamics, for direct air capture compared to CO2 capture from industrial combustion
processes. It is clear that DAC requires 2 to 3 times more energy to capture CO2 compared to capture
from industrial processes.

Figure 2.3: Overview of different CO2 capture technologies and their energy demand per mole CO2 [7].

Based on the type of sorbent, there can be two main DAC system categories classified, namely high
temperature (HT) liquid solvent and low temperature (LT) solid sorbent systems, presented in figure
2.4 [8] [10] [32]. These systems will be explained in the following sections. Also, some technologies
that are still in the research phase will be briefly mentioned.
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Figure 2.4: Overview of different DAC technologies and companies active in the specific field [8].

High temperature liquid solvent systems

Typical liquid solvents for this CO2 capture technique are strong bases like potassium hydroxide (KOH),
sodium hydroxide (NaOH) and calcium hydroxide (Ca(OH)2). [10] [33] [34]. In the air contacter, the
solutions are brought into contact with ambient air which facilitates the solution to absorb CO2. To
return the solution to its original state, without CO2 absorbed, a regeneration process is required [32]. A
design for a possible DAC system using KOH as solution is presented by Keith et al. [9], which consists
of two cycles connected in a loop, figure 2.5. In the first cycle, CO2 is captured by the present KOH
solution and produces K2CO3. The rich solution is sent into a pellet reactor where it reacts with calcium
hydroxide (Ca(OH)2) which results in the recovery of KOH and the production of calcium carbonate
(CaCO3). The recovered KOH is send back into the air contacter to absorb new CO2 whereas the
CaCO3 is brought into a calciner to release the absorbed CO2. The byproduct of this reaction is a solid
CaO which is reacted with H2O in the slaker to produce calcium hydroxide which is transported to the
pellet reactor [9].

Figure 2.5: A possible high temperature liquid solvent DAC system that uses a KOH solution [9].

Advantages of liquid solvent systems are continuous operation of the system, cheap contactor design
and long contactor lifetimes [9]. The main disadvantages are the high energy demand in the regener-
ation step of the process and stability of the liquid solvent [9].
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An example of a company that uses a liquid solvent DAC system is Carbon Engineering. It uses
a potassium hydroxide solution to capture CO2 and operates according to the process described by
figure 2.5. The typical regeneration temperature is around 900 °C. An energy supply of 1460 kWh
heat and 366 kWh electricity is required per ton of CO2 captured [9].

Low temperature solid sorbent systems

This system, similar to liquid solvent systems, consists of an adsorption and desorption process [10].
In the adsorption process, a solid structure made of a CO2 adsorbing material gets in contact with air
by making use of a fan. The CO2 adsorbing material chemically bonds with the CO2, it attaches to
the surface of the sorbent. Depleted air gets blown out of the system. In the desorption process, the
adsorbing material can be regenerated in various ways including pressure, temperature or humidity
swing [32] [35]. This process is illustrated in figure 2.6.

Figure 2.6: Schematic illustration of a low temperature solid sorbent DAC process [10].

Advantages of solid sorbent systems are the strong bonding with CO2 at low partial pressures and
the relatively low energy demand and operating costs compared to liquid solvent systems [9] [29].
Disadvantages are the potentially short lifetime of the sorbents due to degradation [8]. Furthermore,
the design of the system is much more complex since both processes must occur in a single chamber
[9]. As a consequence, the reciprocity between the adsorption and desorption process does not allow
the system to have these processes operating continuously.

Examples of companies that use solid sorbent DAC systems are:

• Climeworks uses a cellulose fiber in combination with amines which works as a solid filter that
bonds CO2 chemically. To release the CO2 from the solid sorbent, the pressure is reduced and
the system is heated up to 100 °C [8] [36]. Climeworks uses 200 - 300 kWh electricity and
1500 - 2000 kWh heat per ton of CO2 captured [8].
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• Global Thermostat uses amine polymer sorbents to capture the CO2. The captured CO2 is
stripped off using low-temperature steam, between 85 and 100 °C [37]. Global thermostat re-
quires 150 - 160 kWh electricity and 1190 - 1400 kWh heat per ton of CO2 captured.

Other systems

Next to the two main system types of DAC, literature suggests new methods which are currently being
investigated. An example is Ion-exchange resins that capture CO2 by making use of quaternary amine
functionality onto membranes [38]. The positive charge of the quaternary amine is balanced by free
hydroxyl or carbonate counter-ions. When dry, they adsorb CO2 and when wet, they release CO2.
Also, electro-swing reactive CO2 capture is a newly investigated technique based on work of Voskian
and Hatton [39].

As mentioned in section 1.2.1, ZEF has chosen for a liquid amine sorbent system as DAC technique.
Liquid amine sorbents are commonly used to capture CO2 from flue gases, however DAC applications
that make use of this technique are not operational yet. Hence, Liquid amines are investigated to
understand absorption and desorption fundamentals as well as complications that these liquid sorbents
can cause in a DAC system.

2.2 Liquid Amine Sorbents for CO2 Capture

2.2.1 Amines

Amines are chemical species in which an amino group is present. The amino group consists of a
nitrogen atom, with zero, one or two hydrogen atoms connected to it. Next to the hydrogen atoms, the
nitrogen atom is also connected to one, two or three organic substiluents. The amount of substiluents
determines the type of amine, namely primary, secondary or tertiary amine [40]. The chemical structure
of these amines is presented in figure 2.7.

Figure 2.7: Simplified chemical structure of primary, secondary and tertiary amines.

Carbon capture by making use of liquid amines is one of the oldest and most promising ways to
capture CO2 and is already operating on a commercial scale for flue gas and natural gas capture
applications [24] [25] [26]. A generic liquid amine-based CO2 capture system consists of an absorption
and desorption column. The aqueous amine solution is fed into the absorption column where it flows
downwards. Air is blown from the bottom into the column and creates a counter current flow with the
liquid amine. During this contact, CO2 is absorbed into the solvent which becomes loaded with CO2

and is referred to as rich amine or rich loaded amine. This rich amine is then fed into the stripping
column where the reboiler, which is situated at the bottom, heats up the rich amine. Due to this heat,
CO2 starts to desorb from the amine. After desorption, the amine has become a lean amine since it
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contains a lesser amount of CO2. The lean amine leaves the stripping column and flows through an
heat exchanger where it passes the rich amine that is in this way preheated. Eventually, the lean amine
is fed back into the absorption column. The CO2 in gas phase, which leaves the stripper at the top, is
collected.

For a continuous process at equilibrium, the values of the rich and lean loaded amine remain constant.
The amount of CO2 that is being absorbed and later desorbed, which corresponds to subtracting the
lean from the rich loading, is specified as the cyclic capacity. Since the rich and lean loading remain
constant, the cyclic capacity also remains constant. The cyclic capacity determines, together with the
mass flow rate, the production yield in a direct air capture system.

MEA and DEA are conventional amines that are generally used to capture CO2. MEA is often used in
literature as a benchmark to analyse the performance of unconventional amines [41].

Absorption in liquid amines

Absorption of CO2 in liquid amines occurs typically between 40 - 50 °C in flue gas capture applications
[42]. During absorption, 4 chronological steps can be distinguished [43]:

1. CO2 diffuses from bulk gas to the gas-liquid amine interface.

2. CO2 dissolves physically in the liquid amine.

3. CO2 reacts with the liquid amine.

4. Reacted CO2 diffuses through the liquid amine.

Step 1 and 2 can be described by Fick’s law of diffusion and Henry’s law, equations 2.1 and 2.2
respectively.

J = −Ddca
dz

(2.1)

where J = diffusion flux, D = diffusivity and dca/dz = molar concentration gradient

Hgas =
pgas
cgas

(2.2)

where Hgas = Henry constant, pgas = partial pressure and cgas = solubility of the gas.

In the third step, CO2 reacts with the present amine. For primary and secondary amines, stable car-
bamates are formed during this reaction. The reaction starts with the formation of a zwitterion, an ion
with both negative and positive charge, which is afterwards deprotonated so that it forms a carbamate,
reactions 2.3 and 2.4. This carbamate is hydrolysed which results in the creation of a bicarbonate and
the regeneration of the amine, reaction 2.5 [44] [45].

R1R2NH + CO2 ↔ R1R2NH+COO− (2.3)

R1R2NH + R1R2NH+COO− ↔ R1R2NH+
2 + R1R2NCOO− (2.4)

R1R2NCOO− + H2O↔ R1R2NH + HCO−
3 (2.5)

The formation of a single carbamate species requires two amine molecules, which results in a max-
imum loading of 0.5 mol of CO2 per mol amine at low pressures [34] [44]. Greater loadings can be
realized when increasing the CO2 partial pressure, leading to the formation of bicarbonate [34].
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For tertiary amines, this reaction mechanism works differently since it follows a single chemical reaction
when forming bicarbonates, equation 2.6 [46]. A proton is transferred to the present amine which allows
bicarbonate to be formed.

R1R2R3N + CO2 + H2O↔ R1R2R3NH+ + HCO−
3 (2.6)

This chemical reaction results in a theoretical maximum loading of 1 mol CO2 per mol of amine. This
is two times higher as that of primary and secondary amines. However, the reaction rate in tertiary
amines is lower compared to primary and secondary amines [46].

In the last step, the diffusion of reacted CO2 through the amine is described by the Stokes-Einstein
equation, equation 2.7. This equation holds for liquids with a low Reynold’s number [47].

D =
kBT

6πµr
(2.7)

where T = temperature of the fluid, kB = Boltzmann constant, µ = dynamic viscosity of the fluid and r
= radius of spherical particle.

The absorption of H2O in amines follows almost the same steps, however it does not react with the
amine. H2O only dissolves and is therefore an example of physical absorption [14]. Due to this dif-
ference in absorption type, H2O adds extra moles to the mixture when absorbed where CO2 does not
affect the amount of moles present.

Desorption in liquid amines

Desorption is the inverse process of absorption and therefore the desorbed species follow the inverse
steps as explained during absorption. Since absorption is an exothermic reaction, desorption is en-
dothermic; additional heat is required to remove the solute species by mass transfer from the solvent
into the gas phase. Diffusion of the solutes is again described by Stokes and Einstein in equation
2.7. The reaction rate is described by the Arrhenius equation, equation 2.8, where it expresses the
dependency on temperature.

k = A · exp
−Ea
RT

(2.8)

where k = reaction rate constant, the frequency of collisions that results in a reaction, A = pre-
exponential factor, a constant for each chemical reaction, Ea = activation energy for the reaction and
R = universal gas constant. The reaction rate constant describes the kinetics of the reaction. Whether
kinetics plays a limiting role in desorption of the solute can be expressed in multiple ways. The Hatta
number, equation 2.9, is a dimensionless number that compares the reaction rate in a liquid film to the
diffusion rate through the film. When the Hatta number is high, it is diffusion limited whereas the Hatta
number is low, it is limited by reaction kinetics [48]. A typical Hatta number for desorption of CO2 from
an amine is in the range of 10 to 35 which means that the reaction kinetics are relatively fast [49].

Ha =
1

kL

√
DCO2,amk2Camine (2.9)

where DCO2,am = CO2 diffusivity in the amine solution, k2 = second order reaction rate constant,
Camine = amine concentration and kl = mass transfer coefficient in liquid phase [50] [51]. The second
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Damköhler number, equation 2.10, is a dimensionless number which also relates the reaction rate to
the diffusion rate [52].

DaII =
L2r

DC
(2.10)

where r = reaction rate, C = concentration of CO2 in the amine , D = diffusion coefficient and L =
length the CO2 has to travel inside the amine.

Complications for liquid amines in DAC

As explained in section 2.1.2, the regeneration of liquid amine sorbents remains an important limitation
of this CO2 capture technology. Furthermore, the net cyclic capacity of liquid amines is relatively low.
That is, the amount of CO2 absorbed and later desorbed per mol amine is low and results in high
energy demands of the DAC system. ZEF has found an amine with a specially high net cyclic capacity,
namely tetra-ethylpentamine. This amine could be a possible solution for the energy demand problem
and is elaborated on in the next sections.

2.2.2 Tetra-ethylenepentamine

Tetra-ethylenepentamine (TEPA) is an amine which has been thoroughly researched by ZEF and cho-
sen as the most equipped amine to operate the direct air capture system with. TEPA has a relatively
high absorption rate and equilibrium solubility of CO2 compared to other amines [11] [14]. Figure 2.8
presents the simplified chemical structure of TEPA, which shows clearly that TEPA holds both primary
and secondary amino groups.

Figure 2.8: Simplified chemical structure of Tetra-ethylenepentamine.

Some general properties of TEPA are displayed in table 2.1. Note that the boiling point of TEPA is
much higher than the desorption temperature of H2O and CO2. Ovaa et al. [14] found that the density
of TEPA changes when H2O is being absorbed, however the variation is very small.

Table 2.1: General properties of TEPA.

Property TEPA
Molecular weight [g/mol] 189.31 [53] [54]
Density [g/cm3] 0.99 (at 20°C) [53] [54]
Boiling point [°C] 375 [55]

The viscosity of TEPA is highly dependent on temperature and loading of CO2 and H2O [11]. Figure
2.9 shows that loading TEPA with CO2 and H2O increases the viscosity significantly. An increase in
temperature results in a decrease of the viscosity.
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Figure 2.9: Temperature dependency of the viscosity for pure TEPA and a TEPA, 30 wt% H2O and 9.5 wt% CO2

mixture [11].

Absorption in TEPA

Since TEPA holds primary and secondary amino groups, it absorbs CO2 following reactions 2.3, 2.4
and 2.5. Sinha et al. [11] performed experiments to understand the effect of H2O on the absorption of
CO2 in TEPA. The results are shown in figure 2.10. It was found that the presence of H2O highly influ-
ences the absorption rate of TEPA, the more H2O is present, the higher the absorption rate becomes.
This proves that a significant amount of H2O is required in the ternary mixture to realize high loadings.

Figure 2.10: Data loading experiment TEPA with varying H2O wt% [11].
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Desorption in TEPA

After absorption, desorption is required to regain the lean ternary mixture of TEPA-H2O-CO2 and pro-
duce CO2 and H2O streams. Desorption of H2O and CO2 from TEPA occurs typically at temperatures
between 80 and 140 °C [42] [56] [57]. Ovaa et al. performed various batch experiments on the net
cyclic capacity of CO2 from a rich TEPA-H2O-CO2 mixture [14]. The rich mixture contains 4.35 wt%
CO2, which corresponds to 1.24 mol CO2/kg TEPA, and 30 wt% H2O. It was found that an increase in
temperature and a decrease in pressure results in a higher net cyclic capacity of CO2. One must notice
that the experiments are performed at nearly vacuum, desorption at higher pressures are still to be in-
vestigated. The same experiments showed that all the H2O is evaporated at the end of the experiment
[14]. Note that these experiments took nearly 1000 minutes which explains the complete desorption
of H2O at these low pressures. Nonetheless, it was concluded that an increase in temperature and
decrease in pressure enhances the desorption of H2O from TEPA [14].

Another experiment, displayed in table 2.2, shows that the desorption rate of CO2 decreases when
the loading of the sample decreases [14]. This continues until equilibrium is reached, at this point no
CO2 is desorbed from the mixture and the total CO2 output remains constant. This occurred in the
experiment at 26000 s.

Table 2.2: Experimental data of CO2 desorption at 50 mbar and 120 °C [14].

Time [s] Output [mol CO2/kg TEPA] Output [%]

1670 0.19 20
3600 0.47 50
7400 0.76 80
12600 0.90 95
26000 0.94 100

ZEF uses a stripping column to regenerate the TEPA and produce CO2 and H2O product streams. The
high viscosity of loaded TEPA can cause difficulties when desorbing inside a stripping column. Also, the
high energy demand of the regeneration process is still a limitation for ZEF’s direct air capture system.
To tackle these complications, one must first get a deeper understanding in the working principles of a
stripping column. Consequently, stripping is explained in the following section.

2.3 Stripping

This section explains the principles of stripping and applications of strippers in industry are illustrated.
Also, the energy demand of strippers is investigated and equilibrium phenomena are described.

2.3.1 Basics of Stripping

In stripping, a feed mixture of a sorbent and a solute, the solute is a species that is absorbed into the
sorbent, is fed into the top of the stripping column where the solute is desorbed from the sorbent. The
heat that is required to desorb the solute is supplied by the reboiler which is situated at the bottom
of the stripping column. For plant-size stripping columns, the reboiler is mostly an external heat ex-
changer in the form of a kettle-type or vertical thermosyphon-type reboiler [58]. For smaller stripping
columns, the reboiler is often located in the bottom of the column to avoid piping. The desorbed solute
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rises through the column and creates a counter current flow with the liquid feed mixture flowing down-
wards. Because of the facilitated contact between the desorbed solute and the liquid feed mixture,
a temperature gradient appears in the column. The top of the column is consequently the coldest.
The desorbed solute will leave the stripping column in gas phase at the top as top product. Due to
the conditions, there will always be some residual solute left in the solvent, which leaves the column
at the bottom, also called bottom product. The top of the column consists of a reflux condenser and
reflux drum. Here, the evaporated solute condenses and is partly fed back into the column. The reflux
ratio is determined as the amount of condensed vapor fed back over the amount discarded from the
column, equation 2.11. In the reboiler, the bottoms is partly evaporated and fed back into the column.
The amount fed back into the column over the bottoms that is discarded from the system is defined as
the boilup ratio, equation 2.12. The reflux and reboiler are generally used to purify the top and bottom
product [58]. A design trade-off is normally made between the number of stages and the reflux ratio
[58]. A general schematic for a stripping column with reflux and reboiler is shown in figure 2.11.

R =
L

D
(2.11) V B =

V

B
(2.12)

where L = condensed vapor fed back into the column, D = top product discarded from the system, V
= liquid fed back into the column and B = bottom product discarded from the system.

Figure 2.11: General schematics of a stripping column with reflux and reboiler
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Multi-component stripping

The working principle of multi-component desorption in a stripping column is in essence the same as
normal stripping, however the number of solutes has increased. Note that it is important for the sorbent
to have a significant higher boiling temperature than the temperature where desorption of the solutes
occurs at. The desorbed solutes arrive in gas phase at the top of the stripper and are ideally separated
from each other. A condenser is frequently implemented so that one of the solutes condenses whereas
the other solute remains in vapor phase. The solutes should contain a large enough boiling point
temperature difference so that high purified product streams can be realised [58].

2.3.2 Stripping in Industry

There is a wide variety of stripping techniques used in industry [58]. Stripping is mainly conducted in
trayed and packed columns:

• A trayed column is a vertical pressure vessel in which a vapor and liquid gets in contact on a
series of trays or stages. Liquid accumulates on each stage and flows over an outlet weir into
a downcomer where gravity pulls the liquid to the stage below. Gas flows up through openings
in each stage and bubbles through the liquid film present in that stage. Commonly used stage
openings are perforation, valve cap and bubble cap openings [58]. Ideally, no vapor bubbles are
flowing down with the liquid (occlusion) or liquid droplets are carried up by the vapor (entrain-
ment). Also, there is no weeping of liquid through the vapor openings. Each stage represents
an equilibrium between the present liquid and vapor in that stage, also called vapor-liquid equi-
librium, which will be further explained in section 2.3.4.

• A packed column is a vertical pressure vessel which contains one or multiple sections of pack-
ing material. The liquid flows over the packing material surface downwards and the vapor flows
upward through the wetted packing where it contacts the liquid. Commercial packing materials
are split in two categories: random and structured packings. Random packings are tiny objects
with a high surface area and are poured randomly in the column. Structured packings are mostly
sheets of metal or plastic that are perforated, embossed or surface roughened and stacked in the
column. Structured packings are substantially more expensive than random packings, though
they hold a higher efficiency and capacity [58].

Other stripping techniques are spray towers, bubble columns and centrifugal contactors [58].

Configurations of stripping columns differ widely within industrial applications. Interheated stripping
columns use multiple heating elements positioned at different heights within the column. This con-
tributes often to a lower energy demand and lower lean loadings leaving the column [59]. Other strip-
ping configurations include flashing feed, multipressure with split feed, internal exchange and matrix
columns. These configurations offer mostly a higher energy efficiency for different sorbents or operat-
ing conditions [60].

For design or analysis of a stripper column one should consider a number of important factors [58]:

• Feed mixture, in terms of flow rate, composition, temperature and pressure.

• Operating pressure and temperature of the column.

• Type of stripping equipment.

• Number of stages or height of packing.
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• Desired recovery of one or multiple solutes.

• Heat effects and need for extra heating or cooling.

• Necessity of implementation of a reboiler and reflux.

• General dimensions of the column, such as height and diameter.

Amine Stripping in Industry

As discussed in section 2.2.1, aqueous amines are used as liquid sorbents in carbon capture systems.
This section presents some examples of industrial applications of amine strippers. Cousins et al. [61]
analyzed a CO2 capture plant located at the Tarong Power Station in Queensland, Australia. Calvert
et al. [62] investigated a Thermoflow 29 ProMax 5.0 carbon capture process. Both capture processes
used monoethanolamine (MEA) as liquid sorbent and a stripper to regenerate the solvent. An overview
of the operating characteristics of these strippers is presented in table 2.3.

Table 2.3: Operating characteristics of the strippers investigated by Calvert et al. and Cousins et al.

Research Calvert et al. [62] Cousins et al. [61]
Sorbent MEA 35 wt% MEA 30 wt%
Abs. Pressure [bar] 2.2 1.8
Temperature [°C] 125 120
Rich loading [mol CO2/kg amine] 7.37 8.02
Lean loading [mol CO2/kg amine] 4.09 2.95
Reboiler duty [MJ/kg CO2] 3.95 3.5

Table 2.4 shows an overview of the reboiler duties (i.e. energy consumption) in stripping columns for
common amine sorbents. These duties are based on pilot plant or lab-scale plant results, but give a
fair idea of the reboiler duties in industry [6]. It can be concluded that the reboiler duties presented in
table 2.3 match the data in table 2.4 accurately. Moreover, amine blends seem to have a lower energy
consumption than single conventional amine sorbents.

Table 2.4: Reboiler duties for various amine solvents in CO2 capture plants.

Sorbent Reboiler duty [MJ/kg CO2]

30 wt% MEA 3.6 - 4.0 [63]
40 wt% MEA 3.1 - 3.3 [64]
MEA + MDEA 2.0 - 3.7 [65]
DEEA + MAPA 2.1 - 2.4 [66]

The high energy demand of a stripping column is caused by different energy phenomena that take
place inside the column. Section 2.3.3 will identify the relevant phenomena and discuss their effect on
the total energy demand of the stripper.

2.3.3 Energy

For a liquid amine stripping column, it was found that the energy demand to facilitate desorption is
based on four energy principles, namely sensible heat, heat of desorption, heat of vaporization and
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reflux [12] [14]. These phenomena are explained in this section and related coefficients for TEPA, H2O
and CO2 are presented.

Sensible heat

The sensible heat represents the amount of heat that is needed to heat the ternary mixture from
absorption to desorption temperature. This can be calculated according to equation 2.13.

Qsens = ṁ · cp(Tdes − Tabs) (2.13)

where Qsens = sensible heat, ṁ = mass flow rate, cp = specific heat and Tdes and Tabs are the desorp-
tion and absorption temperature respectively. When one assumes the mixture to be incompressible,
the specific heat is dependent on temperature only [67]. Table 2.5 shows an overview of the average
specific heat of the ternary mixture components TEPA, H2O and CO2.

Table 2.5: Average specific heat of TEPA, H2O and CO2 in the liquid and vapor phase [15][16][17].

Constant Description TEPA H2O CO2 Units
cpliq Specific heat liquid phase 460 75 160 [J/mol K]

2430 4167 3636 [J/kg K]

cpvap Specific heat vapor phase 0 33.5 37 [J/mol K]
0 1861 841 [J/kg K]

Heat of desorption

The heat of absorption (∆Habs) is defined as the enthalpy associated with the absorption of a molecule
in a sorbent. Absorption of CO2 is exothermic, it releases energy. In contrary, desorption of these com-
ponents is endothermic, it requires energy to break the chemical bonds and disassociate the molecules
from the sorbent. Since absorption and desorption are inverse reactions of one another, the heat as-
sociated with it corresponds. The heat of desorption of CO2 is a function of loading (CO2/TEPA) and
temperature [68] [69]. Dowling et al. [12] estimated the heat of absorption of CO2 in TEPA for differ-
ent loadings and temperatures, shown in figure 2.12a, 2.12b and 2.12c, using the Clausius-Clapeyron
equation.

(a) (b) (c)

Figure 2.12: Heat of absorption calculated using the Clausius Clapeyron equation and the CO2 absorption
isotherms. The numbers in the legend refer to the different combinations of duplo measurements used for the
calculations. (a) 30 wt% TEPA at 313.15 K and 353.15 K (b) 30 wt% TEPA at 353.15 K and 393.15 K (c) 70
wt% TEPA at 353.15 K and 393.15 K [12].
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An approximation of the heat of desorption is made by looking at the values with higher loadings. For
30 wt% TEPA this is approximately between 70 and 75 kJ/mol. For 70 wt% the value lies between
75 and 80 kJ/mol [12]. This correlates with values found for conventional amines such as MEA (70
kJ/mol) [70].

Heat of vaporization

Sinha et al. [11] estimated the heat of vaporization of H2O in TEPA for different H2O-TEPA ratios. Since
the heat of vaporization is higher than the latent heat of H2O, this implies that heat of mixing, forming
and breaking of hydrogen bonds also adds up to the heat of vaporization of H2O [11]. The latent heat
and average heat of vaporization of H2O are shown in figure 2.6.

Table 2.6: Average heat of vaporization and latent heat of water.

Description H2O Units
Hvap Heat of vaporization 60.3 [11] [kJ/mol H2O]
Hlat Latent heat 40.8 [71] [kJ/mol H2O]

Reflux

Reflux can play an important role in the energy demand of the stripping column. Two types of refluxes
can be distinguished, internal and external reflux. Internal reflux describes the liquid transport of a
condensed vapor from a stage to the stage underneath. This phenomenon does not add up to the
energy demand of the system since the heat remains within the system. However, external reflux adds
up to the energy demand of the system. Evaporated H2O which leaves the stripping column at the top
is condensed in a cooler and collected in a flash tank. Some of the collected H2O can be returned
to the column, the amount is determined by the reflux ratio. The returned H2O is cooled down and
requires sensible heat and possibly heat of vaporization when again present in the stripping column.
To conclude, a higher reflux ratio intensifies the energy demand of the stripping column.

The following section will present more insights on the coexistence of TEPA, H2O and CO2 by proposing
and investigating vapor-liquid equilibria and vapor curves for the present components.

2.3.4 Vapor-Liquid Equilibrium

Vapor-Liquid Equilibrium Fundamentals

The state of coexistence of a gas and liquid phase, for a particular species, is defined as a vapor-liquid
equilibrium, also known by its abbreviation VLE. For a mixture, this means that a liquid mixture, at a
certain temperature T and pressure P , is in equilibrium with a vapor mixture with the same T and P
[72] [73]. For this reason, a VLE describes the relation between temperature, pressure and composition
of both, liquid and gas, phases. This implies that for a given P and T of a mixture, the composition of
the liquid and gas can be calculated. For a stripper, the VLE behaviour of the mixture that needs to be
separated is of great importance since it gives an accurate indication of the separation that is going to
occur at a certain temperature and pressure [58] [74]. The equilibrium between gas and liquid phase
for a particular species is described by Raoult’s law:

yiP = xiPvpi (2.14)
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Where yi = vapor phase mole fraction, P = absolute pressure, xi = liquid phase mole fraction and Pvpi
= the saturation vapor pressure for species i. The derivation of Raoult’s law for vapor-liquid equilibrium
is in detailed explained in appendix A.1.

In literature, one finds a large amount of equilibrium data for binary systems. For multi-component
systems on the other hand, much less data is available due to the long duration it takes to measure
a decent data set. Also the visualization of multi-component vapor-liquid equilibrium data in graphs or
tables is difficult. For this reason K values are introduced [58]. The K value of a specific species i
expresses the tendency of the species to vaporize. The K value is defined as:

Ki =
yi
xi

(2.15)

where yi is the composition of the vapour phase that is in equilibrium with the composition of the liquid
phase, xi. K values are functions of temperature, pressure and composition. The relative volatility,
αi,j , is a related concept which describes the feasibility of separation of components i and j in stripping
and is defined by:

αi,j =
Ki

Kj
(2.16)

In an ideal system, the liquid phase behaves according to Raoult’s Law and the vapour phase according
to the ideal gas law. For a certain system, the K value is given by:

Ki =
yi
xi

=
p0i
P

(2.17)

where p0i = the vapor pressure of a pure component i, which is temperature dependent, and P = the
pressure of the total system. For a non-ideal system, theK value is also depending on the composition
of the mixture:

Ki =
γLi
φVi

p0i
P

(2.18)

Where φVi = the vapor fugacity coefficient and γLi = the liquid phase activity coefficient [58].

VLE for TEPA, H2O and CO2 mixture

Dowling et al. [12] build a specific ion interaction theory (SIT) model based on experiments performed
on vapor-liquid equilibria between TEPA, H2O and CO2 for different temperatures and loadings [12].
This model works with the activity coefficient theory and uses the extended Debye-Hückel law. The
activity coefficient equation has an extra linear term added, equation 2.19. This term accounts for the
concentration dependent short-range interactions [75] [76].

logγi = − z2iA
√
I

1 + 1.5ρ−1/2
√
I

+
∑

cjεij (2.19)

Figure 2.13 displays the experimental points of the VLE experiments versus the SIT model prediction for
the ternary mixture of TEPA, H2O and CO2. The model predicts the partial pressure of CO2 accurately
between a concentration of 30 and 70 wt% TEPA and a temperature between 313.15 and 393.15 K.
Extrapolation outside these ranges is much less reliable [12]. Also, in the low loading range the model
is less accurate since the absolute pressure was close to the accuracy of the pressure sensor [12].
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(a) (b)

Figure 2.13: Experimental VLE data of the equilibrium CO2 absorption in an aqueous solution of (a) 30 wt%
TEPA at 313.15, 353.15 and 393.15 K and (b) 70 wt% TEPA at 353.15 and 393.15 K versus the ternary
TEPA-H2O-CO2 model prediction [12].

Figure 2.14 represents the SIT model predictions for different isotherms. Note that this graph corre-
sponds to 70 wt% TEPA and should be seen as an intersection of the total SIT model. The expression
of loading in moles of CO2 per kg TEPA is a standardized expression within ZEF. Further mentioning
of loading in this work will be consistently expressed in moles of CO2 per kg TEPA.

Figure 2.14: Experimental VLE data of 70 wt% TEPA versus SIT model with varying isotherms for loading
[mol CO2/kg TEPA].

2.3.5 Vapor Curve

In the same research, experiments were performed to understand the equilibrium of a binary TEPA-
H2O mixture for different concentrations and temperatures [12]. According to the experimental data,
a binary model was created based on the modified Raoult’s law, Clausius-Clapeyron equation and
Wilson’s equation. The performed experiments and creation of the binary model are briefly explained
in appendix A.2. The results of the performed experiments and binary model are shown in figure 2.15.
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Figure 2.15: The equilibrium pressure of binary mixtures of TEPA and H2O with 30, 70 and 80 wt% TEPA and
pure water as a function of temperature versus the binary model based on Wilson’s activity coefficients [12].

Note that the absence of CO2 might influence the behaviour of the vapor curve greatly. This is some-
thing that still has to be investigated.

To conclude this chapter, different stripper models are proposed in the following section to be able to
predict the performance of a stripping column for varying stripping conditions and configurations.

2.4 Modeling of a Stripping Column

To understand the effect of parameters on the stripper performance and to provide a new stripper
design for ZEF it is crucial to first build a multi-component and multistage stripper model. A wide range
of modeling methods is presented in literature. Seader and Henley [58] split these models into two
fundamentally different categories: equilibrium and non-equilibrium based modeling methods. It is
assumed that the stripping column operates at equilibrium. Section 5.1 will present the validation of
this assumption. Hence, equilibrium based methods will be considered in the following sections and
some examples are given. An overview of the methods is given in figure 2.16. Finally, the most suitable
modeling method for the available TEPA-H2O-CO2 mixture data will be chosen.

Figure 2.16: Schematic overview of stripper modeling methods.
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2.4.1 Equilibrium Based Models

As the title suggests, equilibrium based models are build on the assumption of equilibrium between the
liquid and gas phase in a generic stage. To remain in equilibrium, the temperature and absolute pres-
sure in this stage are assumed constant. This equilibrium is described by the equilibrium equations,
also known as the MESH equations, and includes component mass balances, total mass balance,
phase equilibria relations and energy balances. A multistage stripper model consists of multiple in-
terconnected generic stages. Stage-by-stage, Sum-Rates, Newton-Raphson and Inside-Out methods
are equilibrium based model solving methods and will be further investigated in this section. The
Boiling-Point method is generally restricted to narrow-boiling feed mixtures and thus more suitable for
distillation than stripping [58]. The Boiling-Point method will consequently not be further investigated.

As mentioned above, modeling of a steady-state stripping column is generally done by making use of
the mass and energy balances. These balances are mathematically explained in the MESH equations
which stands for:

• Mass balance equations

• Phase equilibrium equations

• Mole fractions summation

• Energy balance equations

These equations can be performed separately for each stage of the column since it is assumed that
vapor and liquid present in each stage are in phase equilibrium. Figure 2.17 shows an overview of
the input and output streams in a generic stage j, with temperature T and absolute pressure P of the
stripping column.

Figure 2.17: Schematic overview of input and output streams in a generic stage j

Where Fj is the flow rate of the feed stream into stage j, with molar fraction zi,j for component i, Qj
is the heat load leaving stage j (for conventional reasons it is assumed that heat is leaving the stage),
Lj is the liquid flow rate from stage j into stage j + 1, with molar fraction yi,j for component i. Vj
is the vapor flow rate from stage j into stage j − 1, with molar fraction xi,j for component i. The
same applies for Lj−1 and Vj+1, with xi,j−1 and yi,j+1 respectively. With these notations defined,
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The MESH equations can be given:

Fjzi,j + Lj−1xi,j−1 + Vj+1yi,j+1 − Ljxi,j − Vjyi,j = 0 (2.20)

yi,j −Ki,jxi,j = 0 (2.21)

C∑
i=1

yi,j = 1 (2.22)

C∑
i=1

xi,j = 1 (2.23)

FjhFj + Lj−1hLj−1 + Vj+1hVj+1 − LjhLj − VjhVj = 0 (2.24)

where C = number of components in mixture and h = molar enthalpy. Equation 2.20 represents the
component mass balance, equation 2.21 presents the phase equilibrium equation, equations 2.22 and
2.23 give the mole fractions summation equations and equation 2.24 represents the energy balance.
Equations 2.22 and 2.23 can be replaced by a total mass balance, equation 2.25 [58].

Fj + Lj−1 + Vj+1 − Lj − Vj = 0 (2.25)

The MESH equations form the base of every equilibrium based stripper model solving method.

Stage-by-stage method

The stage-by-stage method is the simplest and oldest equilibrium based solving method [58]. Lewis-
Matheson, 1932 [77], and Thiele-Geddes, 1933 [78], published papers on a stage-by-stage, equation-
by-equation calculation procedure based on equation 2.20 and 2.24 for solving simple fractionators
with one feed and two products [58]. This procedure only holds for ideal mixtures. They simplified
generic stage j to a single stage flash vessel, shown in figure 2.18.

Figure 2.18: Schematic overview of input and output streams in a single stage flash vessel
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where:

Ftot,j = Fj + Lj−1 + Vj+1 (2.26)

ztot,i,j = zi,j + xi,j−1 + yi,j+1 (2.27)

To solve the single stage flash, one must provide as inputs: Tj , Pj , Ftot,j and ztot,i,j . For a multi-stage
stripper, N and initial guesses for Lj−1 and Vj+1 in equation 2.26 are required as well.

Sum-Rates method

SR method is generally used for absorption and stripping problems that involve wide-boiling feed mix-
tures. An important assumption in this method is that this mixture behaves as an ideal mixture [58].
Burningham and Otto [79] published an algorithm for the SR method. The following parameters should
be specified: Fj , zi,j , feed conditions (TFj and PFj ), Pj , Qj and N . Where N = number of stages.
By initializing tear variables Tj and Vj , xi, j, Lj , new Vj , yi, j and new Tj can be computed. The tear
variables are updated and new results are computed. This continues until the error τ is smaller than
0.01 N . This is also explained by the sum-rates equation:

L
(k+1)
j = L

(k)
j

C∑
i=1

xi,j (2.28)

where k = iteration number and Lj is obtained from Vj in equation 2.25.

Newton-Raphson method

Where the before mentioned modeling methods work only for ideal mixtures, Newton-Raphson is es-
pecially equipped for non-ideal mixtures [58]. Naphtali and Sandholm [80] introduced component flow
rates, vi,j and li,j , according to the following equations:

Vj =

C∑
i=1

vi,j (2.29)

Lj =
C∑
i=1

li,j (2.30)

where equations 2.31 and 2.32 present the mole-fraction definitions.

yi,j =
vi,j
Vj

(2.31)

xi,j =
li,j
Lj

(2.32)

Equations 2.29 and 2.32 are substituted in equations 2.20, 2.21 and 2.24 to replace Vj , Lj , yi,j and
xi,j with the component mass flows. If N , Fj , zi,j , TFj , PFj , Pj and Qj are specified, vi,j , li,j and Tj
can be calculated [80].
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Inside-Out method

Boston and Sullivan [81], presented in 1974 a double looped algorithm for multi-component separa-
tion operations. Just like Newton-Raphson, this method is well equipped for non-ideal mixtures. The
iteration variables in the inner loop are linked to the stripping factor Si,j :

Si,j = Ki,j
Vj
Lj

(2.33)

The outer loop is build on complex thermodynamic models, based on P − v − T equations of state or
liquid phase activity coefficients, and approximate thermodynamic models, based on K values. Before
the loop calculations can start, one must provide good estimates of xi,j , yi,j , Tj , Vj and Lj for all the
stages [81]. Convergence of this method can encounter problems when poor initial estimates are used
[58].

2.4.2 Selection of Suitable Modeling Method

The stripper modeling method chosen for this work must fulfill certain requirements. Simplicity of the
method is important since a rather complex method will make it drastically more difficult to build a
flexible model. As explained in section 2.3.4, the SIT model lacks some accuracy in certain ranges of
the VLE. The accuracy of the stripper modeling method is therefore not the main priority since errors
are present in the data already. Based on this requirement, the stage-by-stage modeling method
is chosen as the most suitable modeling method since it is relatively simple compared to the other
modeling methods.

2.5 Conclusion

According to previous research at ZEF and literature the following conclusions can be formulated which
are needed to specify the next steps that should be taken to continue with this research.

• Based on literature, a list of parameters that influence the performance of a stripper column
is stated in section 2.3.1. To understand the influence of these parameters, more specifically
on desorption of a TEPA-H2O-CO2 mixture, a number of experiments with varying parameter
settings will be performed. Ovaa et al. [14] described the effect of temperature and low pressures
on desorption of H2O and CO2 from TEPA. The experimental range of these parameters will be
extended to obtain a better understanding.

• To obtain deeper insights in the effects of stripping parameters and in order to save time, an
equilibrium based stripping model will be made to model different stripper configurations and
process conditions for a TEPA-H2O-CO2 mixture. Multiple experiments must be performed to
validate the model.

• It was found that the energy demand of a stripping column consists of sensible heat, heat of
desorption, heat of vaporization and the reflux.

• Sinha et al. [11] pointed out that H2O has a positive effect on the absorption of CO2 in TEPA.
The effect of H2O on the desorption of CO2 from TEPA will be investigated in this research.

• Literature also described the effect of diffusion and reaction kinetics in general amine stripping
columns. It can be concluded that reaction kinetics are often high so diffusion plays a limiting
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role. Experiments will be performed to identify the role of reaction kinetics in a TEPA-H2O-CO2

stripping column.

To proceed with this research, it is time to bring all the knowledge obtained in this chapter together in
a stripping model. This model is thrown light upon in the next chapter.
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Chapter 3

Model Description
This chapter describes the working principles of the stripping model. A stage-by-stage approach is
chosen, elaborated on in section 2.4. Figure 3.1 presents a visual interpretation of the stripping model
flowchart. Each of the model components will be individually described in this chapter.

Figure 3.1: Flow chart of the complete stripping model solving methodology.
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3.1 Basic Principles Model

As explained in section 2.4, the stage-by-stage approach solves the model for each stage individually
inside the dashed rectangle, figure 3.1. To start of, the model requires certain inputs and initial guesses.
These are used to find the corresponding PH2O and PCO2 from the Vapor Curve and VLE. Rachford-
Rice, a mass balance methodology, and an energy balance solve for the stage specific unknowns.
These unknowns are then compared to the initial values. When the error is small enough, the model
is converged and presents the final outputs. It is an iterative process which means that when the
error is large, the calculated unknowns are used as new initial guesses and the loop starts over again.
Bisection, a numerical root-finder, is chosen as the model solver.

3.2 Assumptions

In order to proceed with the model description, assumptions must be addressed. These assumptions
are listed below:

• The stripping column is operating at equilibrium. The VLE and vapor curve assume equilib-
rium in each stage, so a prediction made by the model is only valid for equilibrium operation of
the system.

• Heat losses are assumed to be negligible in the stripping model. This is to predict a best
case scenario in terms of energy demand.

• TEPA is assumed to not evaporate over time. Due to the high boiling point of TEPA only a
negligible amount will be present in the vapor phase. Consequently, the absolute pressure inside
the column consists of only PH2O and PCO2 .

• The vapor curve proposed in section 2.3.5 is not based on the presence of CO2 in the liquid
phase. Therefore, it is assumed that the present CO2 in the liquid phase has no effect on
the vapor curve. This is a somewhat ambiguous assumption, however the effect of CO2 on the
vapor curve was proven to be relatively small [12].

• The specific heat of the present components are average values and assumed to be con-
stant. The specific heat is based on the weight fraction of components in the specific vapor or
liquid phase. This deviates slightly from reality but still gives a fair indication of the specific heat
of the present mixtures.

• Also the heat of absorption is an average value and assumed to be constant. It is normally
depending on temperature and CO2 loading, however the variation almost stabilizes when the
temperature exceeds 80°C, section 2.3.3. Since the stripping column operates at high tempera-
tures, a constant heat of absorption is a valid assumption. The constants are listed in table 3.1
and are taken from section 2.3.3.

Table 3.1: Overview of constants for stripping model.

Constant Description TEPA H2O CO2 Units
cpliq Specific heat liquid phase 460 75 160 [J/molK]

cpvap Specific heat vapor phase 0 33.5 37 [J/molK]
Habs Heat of absorption 0 60.3 75 [kJ/mol]
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3.3 Model Inputs

To run the stripping model, a number of inputs are required. These are listed in table 3.2.

Table 3.2: Overview of inputs for stripping model.

Input Description Units
N Number of stages [−]
R Reflux ratio [−]
Treb Reboiler temperature [°C]
Tfeed Feed temperature [°C]
P Column pressure [mbar]
Frich Feed mass flow [mol/s]
wTEPA Mass fraction TEPA [wt%]
L Loading of feed [mol CO2/kg TEPA]

Where R is defined as reflux stream divided by the product stream and wTEPA is the mass fraction of
TEPA per TEPA + H2O.

3.4 VLE and Vapor Curve

The SIT VLE model, proposed in section 2.3.4, is used to generate the data set for the ternary TEPA-
H2O-CO2 mixture. The disadvantage of this model is the long running time that the model requires to
create this data set, which will directly influence the running time of the stripping model. As a solution,
an artificial neural network (ANN) was trained on the data set produced by the SIT model. The ANN
reduces the running time of the VLE model to seconds. A comparison of the SIT and ANN model is
visualized in figure 3.2, from which can be concluded that both models are almost identical. Note that
this visualization is only a intersection of both three-dimensional models at a TEPA mass fraction of
70 wt%. Nonetheless, it is fair to assume that both models are almost identical due to the amount of
data points that are used to train the ANN. A certain modification of the vapor curve is not obligatory
since the Wilson solving method has a very low running time which makes it applicable as input for the
stripping model.

For specified input parameters, functions are created to obtain the relevant data points from the VLE
and vapor curve. These functions, equation 3.1 and 3.2, find the corresponding PCO2 and PH2O for a
certain temperature and composition.

PCO2 = f(T, L,w) (3.1)

PH2O = f(T, x) (3.2)

Where x = the composition vector of the liquid mixture.

The assumptions and inputs are used as starting point for the model solving strategy of a single stage,
which is explained in the following section.
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Figure 3.2: Comparison of the SIT and ANN model for a chosen TEPA mass fraction of 70 wt%.

3.5 Single Stage Model

The modeling and solving strategy of a generic single stage is the core of the complete stripping model.
As introduced in section 2.4, a generic single stage of the stripping model can be simplified to a flash
tank, shown in figure 3.3. To do so, the mass flows into the single stage are summed into feed mass
flow Fi, equation 3.3. The feed mass flow holds a composition, zi,j , defined by equation 3.4.

(a) (b)

Figure 3.3: Simplification of a single stage i to a flash tank i at P and T (i) including the relevant mass flows,
compositions and temperatures with (a) single stage i and (b) flash tank i.

Fi = Ai + Li + Vi+1 (3.3)
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zi,j =
AizAi,j + Lixi,j + Vi+1yi+1,j

Fi
(3.4)

Where Fi = total feed mass flow into the flash tank, Ai = additional mass flow into single stage i, zi,j =
composition of the total feed mass flow and zAi,j = composition of the additional mass flow into single
stage i. A mass and energy balance are established to solve for the flash tank i specific unknowns.

3.5.1 Mass Balance

The mass balance for flash tank i is shown in terms of total and component specific mass flows in and
out of the flash tank, equation 3.5 and 3.6 respectively.

Fi − Li+1 − Vi = 0 (3.5)

Fizi,j − Li+1xi+1,j − Viyi,j = 0 (3.6)

To solve the mass balances for the flash tank i, a trial-and-error iterative solution is required. The
calculation to find this iterative solution includes solving the Rachford-Rice equation [82] [83]:

xi,j =
zi.j

1 + β(Kj − 1)
(3.7)

Where β = fraction of the feed that is vaporized, lays between 0 and 1 and Kj = equilibrium constant
for component j, equation 2.15. A double looped bisection solver is used to solve the Rachford-Rice
equation for β andKj . This numerical root-finding method is relatively slow but has the main advantage
that it is guaranteed to converge [84]. The flow chart of the solving methodology of the Rachford-Rice
equation is shown in figure 3.4.

Figure 3.4: Flow chart of the Rachford-Rice solving methodology with a double bisection numerical root-finder
for a flash stage i.
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The composition vector of the vapor mixture yi is determined by the partial pressures of H2O and CO2

and defined as:
yi = [0

pH2O

pH2O + pCO2

pCO2

pH2O + pCO2

] (3.8)

3.5.2 Energy Balance

The energy balance of a single stage i consists of energy terms depending on sensible heat and heat
of absorption or desorption of the mass flows travelling in and out of the stage. Due to the assumption
of zero heat loss, the energy balance is an ideal case and therefore represents the best case scenario
in terms of energy demand. The proposed energy balance for single stage i is given in equation 3.9.

Qtoti = QLi +QVi +QAi +Qabsi (3.9)

Where Qtoti = total amount of heat entering the stage, QLi = sensible heat brought into the stage by
the liquid, QVi = sensible heat brought into the stage by the vapor, QAi = sensible heat brought into
the stage by the additional feed and Qabsi = heat of absorption that is required to absorb the difference
in gas flow rate through the stage. Each of these components is then calculated by equation 3.10 to
3.13.

QLi =
C∑
j=1

Lixi,jcp,liq(TLi − Ti) (3.10)

QVi =
C∑
j=1

Vi+1yi+1,jcp,vap(TVi+1 − Ti) (3.11)

QAi =

C∑
j=1

AizAi,jcp,liq(TAi − Ti) (3.12)

Qabsi =
C∑
j=1

(Vi+1yi+1,j − Viyi,j)Habs (3.13)

Where cp,liq = heat capacity of the components in the liquid phase, cp,vap = heat capacity of the
components in the vapor phase and Habs = heat of absorption of the components. Note that when
the amount of vapor escaping the stage is larger than the amount entering, the contribution of Habs

becomes negative. In other words, the effect of desorption is larger than absorption so energy is
required.

Next to calculating the energy phenomena inside the stage, the total energy entering the stage is also
used to update the stage specific temperature. For that, one needs to find the average heat capacity of
the liquid and vapor mixture present in the stage, which is multiplied with the total mass flow entering
the stage. This multiplication should equal the liquid and vapor mass flows leaving the stage multiplied
with the corresponding heat capacity, equation 3.14. According to the general sensible heat equation,
the temperature difference can be calculated following equation 3.15. The found temperature difference
is subsequently used to update the initial temperature of the single stage i, equation 3.16. The step
size is strongly decreased to prevent overshooting during the iterative process.

Ficp =
C∑
j=1

Li+1xi+1,jcpliq +
C∑
j=1

Viyi,jcpvap (3.14)
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dTi =
Qtoti
Ficp

(3.15)

Tnewi = Ti +
dTi
500

(3.16)

Where cp = average specific heat of stage i, Ti = temperature inside stage i, dTi = calculated temper-
ature difference and Tnewi = updated temperature inside stage i. The flow chart of the energy balance
solving methodology including temperature update is visually presented in figure 3.5.

Figure 3.5: Flow chart of the energy balance solving methodology for a flash stage.

After establishing and solving the mass and energy balance, multiple stages are interconnected to
simulate a multi-stage stripping column.

3.6 Multi-stage Model

The mass flow streams, compositions and temperatures in a multi-stage stripping model are presented
in figure 3.6. It is clear that the column consists of N single stages as described in section 3.5, where
stage N is the reboiler. The vapor stream from the bottom into the reboiler is zero since no vapor
enters the system, Vn+1 = 0. The liquid stream into the top stage, which is the reflux, is a function of
the vapor stream leaving the system, equation 3.17, and is assumed to be pure H2O.

L1 = V1y1,2
R

1 +R
(3.17)
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Where L1 = reflux stream, V1 = vapor stream leaving the system, y1,2 = H2O mol fraction of vapor
stream V1 and R = reflux ratio.

Figure 3.6: Overview of mass flow streams, compositions and temperatures in a stripping model with N stages.

As the temperature inside the reboiler is set as an input of the model, Tn remains constant. To maintain
this constant temperature, heat must be supplied to cover the heat that is required due to sensible heat
and heat of desorption. According to this theory, the reboiler duty is calculated via equation 3.18.

Qreb = −Qtotn (3.18)

When the mass flows and temperatures of all the stages are stabilized according to figure 3.1, the
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model presents outputs for each stage as well as for the total stripping column. The outputs are listed
in table 3.3 and 3.4.

Table 3.3: Overview of outputs for stripping model per stage.

Output Description Units
T Stage temperature [°C]
A Feed stream into stage [mol/s] (per component)
Vin Vapor flow in [mol/s] (per component)
Vout Vapor flow out [mol/s] (per component)
Lin Liquid flow in [mol/s] (per component)
Lout Liquid flow out [mol/s] (per component)
wTEPA Mass fraction TEPA [wt%]
L Loading of mixture [mol CO2/kg TEPA]
PCO2 Partial pressure CO2 [mbar]
PH2O Partial pressure H2O [mbar]

Table 3.4: Overview of outputs for total stripping model.

Output Description Units
Qreb Reboiler duty [W ]
E Energy usage [kJ/mol CO2]
Rtop Vapor top ratio in column [−] (H2O : CO2)
CC Cyclic capacity [mol CO2/kg TEPA]
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Chapter 4

Experimental Equipment and Procedures

In this chapter, the experiments performed with different configurations of the stripper setup are de-
scribed. First, the procedure of loading a lean master batch is explained in detail. Then, measurement
methods of the present mixture components are discussed. Furthermore, the performed experiments
are described in terms of; setup description, assumptions, experimental method and procedure. This
is done for a 7 stage, single stage and a 3 stage stripper setup. Finally, the experiments and stripper
model are validated and a list of experimental observations is provided.

4.1 Master Batch Preparation Methodology

A master batch with high concentrations of H2O and CO2 is required to perform desorption experi-
ments. To conduct multiple experiments under changing conditions it is of great importance to maintain
a constant H2O and CO2 concentration in the rich master batches, this makes comparing the different
experiments possible. Prior to loading with CO2, the master batch is well mixed with a predetermined
amount of H2O. The methodology of loading is described in section 4.1.1 and 4.1.2.

4.1.1 Loading Setup

The aim of this setup is to artificially load CO2 in a TEPA-H2O master batch mixture. The amount of
H2O is predetermined and CO2 is loaded up to the high loading region of TEPA. Figure 4.1 shows a
schematic overview of the setup that is used to load CO2 into the aqueous TEPA solution. It consists of
a pressurized CO2 tank, 500 ml gas wash bottle, bottle head with disc filter, mass flow controller and a
lab heater with magnetic stirrer. The CO2 gas flows from the pressurized tank into the gas wash bottle
and bubbles through the aqueous TEPA solution. Some of the CO2 is absorbed and the non-absorbed
CO2 leaves the bottle at the top. The lab heater with magnetic stirrer is used to enhance mixing of
the aqueous TEPA solution. The mass flow controller is used to keep the CO2 mass flow coming out
of the tank low. This serves two purposes. Firstly, the solution starts frothing when CO2 bubbles flow
through it. A high mass flow increases the froth layer drastically and can cause overflow of the froth
from the gas wash bottle. Secondly, a high mass flow results in big CO2 gas bubbles which decreases
the volume-surface area ratio and so the efficiency of the used CO2 gas. Consequently, the mass flow
of the CO2 gas was chosen to be 15 l/hr.
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Figure 4.1: Schematic overview setup to load CO2 into the sorbent.

4.1.2 Loading Procedure

The following steps must be performed to load a lean TEPA master batch with H2O and CO2.

1. Fill the gas wash bottle with 250 ml TEPA.

2. Add a predetermined amount of H2O so that the mass fraction of H2O arrives at 40 wt%. After
loading with CO2, this will bring the final mass fraction of H2O between 30 and 35 wt%.

3. Mix the lean TEPA and H2O mixture well by hand such that the H2O is absorbed by the lean
sorbent. The mixture warms up due to the heat of absorption of H2O.

4. Place a magnetic stirrer inside the bottle.

5. Close the bottle with the wash bottle head and attach the head to the CO2 tank.

6. Place the bottle on the lab heater and start stirring with 600 rpm and heat it to 35 °C, this will
both improve mixing and therefore absorption of the CO2.

7. Start opening the mass flow meter of the CO2 tank slowly until bubbles appear in the mixture.
Make sure the mass flow of the CO2 gas is at 15 l/hr.

8. Let the CO2 gas bubble through the mixture for 30 minutes.

9. Close the CO2 gas bottle and stop the lab heater.

10. Repeat this procedure several times until the master batch bottle is completely filled.

11. Mix the master batch by hand so that a homogeneous concentration of H2O and CO2 throughout
the mixture is ensured.

12. Analyze the CO2 and H2O concentrations in the master batch.
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4.2 Stripping Experiments

In this section the performed stripping experiments are described. First the stripping setup is explained
in detail followed by the experimental methodology. An experimental plan is proposed and the analy-
sis of the acquired data is elaborated on. Then, the assumptions are listed and the experiments are
validated in terms of mass balances. The aim of these experiments is to understand the stripper perfor-
mance for various operational conditions and setup configurations. Finally, experimental observations
are listed and the stripper model is validated.

4.2.1 Stripping Setup

A process flow diagram of the stripping setup is shown in figure 4.2. The setup consists of a stripping
column, with variable number of stages, where the reboiler is heated and mixed by a IKA C-MAG HS
7 lab heater and magnetic stirrer. A rich feed enters the column at the top and a lean solvent mixture
leaves the column at the bottom where it is collected in a tank. The top of the stripper column is con-
nected to a flash tank where the top products are collected and partially refluxed into the column. The
vapor that is present in the flash tank is pumped through a mass flow meter to measure the produced
vapor product. This vapor is finally released into the ambient air. A more elaborated description of the
setup is provided in appendix B.1.

Figure 4.2: Process flow diagram of the experimental stripping setup.

In figure 4.2, the flow streams through the system are numbered. Each flow stream is individually
described underneath:
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1. Rich loaded feed is transported by gear pump U through a flexible hose. The feed passes a
check valve that maintains the pressure inside the stripping column, a filter that filters any solid
particles inside the feed and a temperature sensor that measures the feed temperature. The
feed hose can be connected to different stages of the stripping column, which makes the feed
inlet point variable.

2. The sorbent mixture that arrives at the bottom of the stripping column is heated by the reboiler.
Part of it is evaporated and travels to the stage situated above the reboiler in the vapor phase.

3. Part of the sorbent mixture leaves the stripping column at the bottom where it is sucked out by
gear pump W. It again passes a check valve to maintain the column pressure. Also, it travels
through a finned cooling tube to where the temperature is passively brought down. At last, it
arrives in a storage tank where the cooled sorbent mixture is kept and later analyzed.

4. Evaporated CO2 and H2O will leave the column at the top where it travels through a finned cooler
which is actively cooled by a fan. Here, the H2O will condense whereas the CO2 remains in the
vapor phase. Both product components are collected in the flash tank.

5. Part of the liquid H2O that arrives in the flash tank is fed back into the top of the column by gear
pump R.

6. The other part of the liquid H2O is transported from the flash tank into a flask where it will be
later analyzed. The connection to the flask is sealed such that the pressure inside the column
remains constant.

7. Due to evaporation of CO2 and H2O inside the stripping column, the pressure inside the column
rises. When the pressure exceeds the set experimental pressure, vacuum pump V sucks the
CO2 from the flash tank inside the mass flow meter. The vacuum pump functions as a check
valve such that no CO2 can flow back into the system.

8. When the pressure inside the mass flow meter arrives above 1.5 bar, the solenoid valve opens
and the CO2 that causes the over pressure escapes into the ambient air. A syringe can be
connected to the solenoid valve to capture the CO2 for analytical purposes.

The experimental setup is controlled by an Arduino nano for which a code was written in C++ pro-
gramming language. With this code, the parameters presented in table 4.1 can be controlled. The
temperature inside the reboiler is manually set and PID controlled by the IKA C-MAG HS 7 lab heater.

Table 4.1: Experimental parameters controlled by the Arduino.

Experimental parameter Units

Duty cycle of gear pump U, W and R [%]
Opening time solenoid valve [ms]
Opening pressure solenoid valve [bar]
Sucking time vacuum pump V [ms]
Experimental pressure [bar]

4.2.2 Experimental Plan

The main goal of the performed experiments is to understand the effect of parameters on the perfor-
mance of the stripping column. A list of the selected parameters that effect the performance of the

44 Confidential



stripping column is given in table 4.2 with corresponding units.

Table 4.2: Experimental parameters.

Experimental parameter Units

CO2 loading feed [mol/kg]
TEPA mass fraction feed [wt%]
Pressure [mbar]
Reboiler temperature [°C]
Feed temperature [°C]
Number of stages [−]
Reflux [−]
Feed mass flow [mol/s]

Next to getting insights in the effect of the parameters, the goal of the experiments is to validate the
model presented in chapter 3. To be able to validate the model, experiments that correlate with varying
model inputs are required. As the model predicts the effect of the parameters, these experiments are
combined and presented underneath:

Table 4.3: Experimental plan to validate the stripping model.

Experiment # stages CO2 TEPA Pexp Treb Tfeed Reflux

[−] [mol/kg] [wt%] [mbar] [°C] [°C] [−]

1 6 3.5 66.5 800 119 20 No
2 6 3.6 60.1 400 86 20 No
3 6 3.5 60.2 250 67 20 No
4 1 4.2 60 950 120 20 No
5 1 4.6 52.5 950 102 20 Yes
6 1 4.6 52.5 950 114 20 Yes
7 1 4.6 52.5 950 123 20 Yes
8 1 6.5 47.8 750 105 20 Yes
9 1 6.5 47.8 750 107 20 No
10 1 6.5 47.8 600 109 20 Yes
11 1 6.5 47.8 600 109 20 No
12 1 5.9 50.2 950 109 48 Yes
13 2 6.5 53.6 950 120 20 No
14 2 5.9 52.5 950 120 20 No
15 2 5.7 54.7 2000 128 20 No

Note that the reflux is not quantified, this is because the experimental setup could not measure the
actual reflux. However, zero and total reflux can be realized by adjusting the setup slightly and therefore
compared to the stripper model. Furthermore, experiments with a non quantified partial reflux are
performed to see the effect of a reflux, but it is hard to draw conclusions regarding the effect of this
partial reflux.

To understand the significance of kinetics inside the stripping column, so called kinetic experiments
are designed. These experiments investigate if for a specific hold up time, the time that a feed mixture
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particle spends in a stage or the reboiler, equilibrium is reached. Note that the hold up time is a function
of the feed mass flow and the hold up volume of either a stage or the reboiler. The designed kinetic
experiments are listed in table 4.4.

Table 4.4: Experimental plan to investigate the role of kinetics inside the stripping column.

Experiment # stages CO2 TEPA Pexp Treb Tfeed Hold up time

[−] [mol/kg] [wt%] [mbar] [°C] [°C] [s]

1 1 4.0 60 950 115 20 1366
2 1 4.0 60 950 114 20 1139
3 1 4.0 60 950 114 20 1004
4 1 4.0 60 950 113.5 20 840
5 1 4.0 60 950 116 20 4615
6 1 4.0 53 950 115 20 785
7 1 4.0 53 950 117 20 400
8 1 4.0 53 950 114 20 280
9 1 5.1 47 950 105 20 465
10 1 5.1 47 950 106 20 1094
11 1 5.1 47 950 104 20 158
12 1 6.4 50 950 113 20 1116
13 1 6.4 50 950 115 20 963
14 1 6.4 50 950 111 20 313
15 1 6.4 50 950 111 20 252

4.2.3 Methodology

All the experiments performed in this research follow a sequence which is presented in figure 4.3. It is
clear that the experimental procedure exist of three different phases; experimental preparation phase,
experimental phase and post-experimental phase. In the experimental preparation phase, the exper-
iment is prepared and the system is brought into equilibrium. When the system reaches equilibrium,
the experiment can start. The mass flow is determined by measuring the amount of liquid flowing
in and out of the column during the experimental phase. Note that to be able to estimate the
mass flow, new rich and lean sorbent bottles are used for this phases. However, the rich sor-
bent bottles contain the same feed composition otherwise switching these bottles would result
in disturbance of the equilibrium in the system during the experiment. In the post-experimental
phase, the system is shut down and the collected samples are analysed. The analysis methodology
will be explained in the following section.
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Figure 4.3: Flow chart of the experimental procedure including experimental preparation and post-experimental
procedures.
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4.2.4 Assumptions

In order to analyse and validate the experiments, assumptions are required. These are listed under-
neath:

• The CO2 vapor stream is assumed to be an ideal gas. This facilitates to mass flow meter to
calculate the vapor mass flow rate according to the ideal gas law, this is explained more in depth
in section 4.2.5.

• The system is pressure controlled and operates within absolute pressure fluctuations of 50
mbar. Since the pressure determines the temperature inside the column, the temperature also
fluctuates slightly during operation. However, the temperature inside the column is assumed
to be constant. The temperature fluctuations are small, within ±1°C, which justifies this as-
sumption.

• The complete setup is assumed to be leak tight. The setup is tested on leak tightness before
the start of every experiment. Consequently, the pressure build up inside the stripping column is
solely caused by desorption of H2O and CO2.

• When taking gas samples from the stripping column, the gas is assumed to be an ideal
gas. Also, the friction inside the syringe is negligible.

• The sampling methods do not influence the equilibrium conditions inside the column.
Some of the liquid and vapor is taken out for analysis but this is a small fraction compared to the
volumes present in the stage. The amount of liquid and vapor taken per sample is 1 and 5 ml
respectively.

• There is no pressure drop inside the stripping column. One can estimate the pressure drop
according to:

∆p = 2ρLghwn (4.1)

Where: ρL = density of the liquid mixture, g = gravitational constant, hw = height of the weir and
n = number of stages. For a 6 stages setup, this would mean a pressure drop of 13 mbar. This
is small relative to the absolute operating pressure and therefore negligible.

• A constant mass flow in and out of the system is assumed. Due to small pressure fluctu-
ations, the mass flow through the system is not always constant. As mentioned before, these
pressure fluctuations are small and would not influence the mass flow much.

• Each stage inside the stripping column is assumed to be in equilibrium. This means that
the concentration of the components in the liquid and vapor phase are constant throughout the
experiment. This is estimated to happen for all the stages within 3.5 times the hold up time of the
complete system. To confirm this assumption, two samples were taken with a substantial
amount of time in between. When the samples contain the same composition, the stage
is assumed to be in equilibrium.

• The density of the liquid mixture is assumed to constant. Ovaa et al. [14] found that the
effect of H2O and CO2 concentration in the TEPA solution can be neglected.

4.2.5 Data Analysis

To measure the concentration of H2O and CO2 in TEPA, a Fourier-transform infrared spectroscopy
(FTIR) is used. A Karl-Fischer titrator and gas chromatographer are used to quantify the purity of the
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H2O and CO2 product streams respectively from the stripper. All the measuring setups are subse-
quently discussed in the following sections.

Real time experimental data

During an experiment, the Arduino code, explained in section 4.2.1, prints every second real time data
of the stripping column. The data consists of; experimental time, temperatures of each stage and
reboiler, pressure inside the column and mass flow meter and the moments when the solenoid valve
opens. All this data is processed in Matlab and visualized in section C.1.

VLE sample analysis

To measure the concentrations of TEPA, H2O and CO2 in the ternary mixture, a Fourier-transform
infrared spectroscopy (FTIR) is used. Infrared spectroscopy is an analysis of the interaction of light
with a molecule. The molecule absorbs infrared radiation and the chemical bonds inside the molecule
start to vibrate. The outcome of an infrared spectroscopy is an infrared spectrum, where the infrared
intensity is plot against the wavelength of light. The position of the peaks, intensities, width and shapes
inside the plot say something about the presence of specific chemical bonds inside the molecule [85]
[86]. FTIR is used as an analytical method to analyse mostly organic materials. For this research, a
Agilent Cary 630 FTIR is used, shown in figure 4.4.

Figure 4.4: Fourier-transform infrared spectroscopy (FTIR) setup.

A typical infrared spectrum for a TEPA master batch with high H2O and CO2 loading is presented in
figure 4.5. The peaks that represent the amount of H2O and CO2 correspond with a wavenumber of
around 3200 and 1300 cm−1 respectively.
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Figure 4.5: Typical infrared spectrum for a loaded TEPA master batch.

The final infrared spectrum that is produced by the FTIR is send to a computer for further analysis.
This is done with TQ Analyst, a software tool that extracts qualitative and quantitative information from
the spectrum. The tool can be calibrated using known sample spectra and can therefore be used as
a robust quantitative analysis method. Sinha et al. [11] has provided a calibration curve for a TEPA-
H2O-CO2 mixture. The details for the H2O and CO2 analysis in TEPA are presented in table 4.5.

Table 4.5: FTIR calibration curve details for a TEPA-H2O-CO2 mixture provided by [11].

Component Concentration range Error
[wt%] [%]

H2O 0 - 43 ±0.4
CO2 0 - 18 ±1.5
TEPA 50 - 100 ±2

The FTIR is used to measure the concentrations in the rich master batch, the lean loaded TEPA that
leaves the stripper at the bottom and the liquid equilibrium mixture at each stage.

A syringe is used to take gas samples from inside the stripping column when equilibrium is reached.
The syringe consists of a needle, Luer Lok connection and 5 ml syringe, shown in figure 4.6. First,
the syringe is preheated up to 80 °C, higher temperatures would permanently deform the Luer Lok
connection. Preheating the syringe prevents the water vapor from condensing while taking the sample,
which would cause significant measurement errors. When equilibrium is reached, the needle is placed
through the sample port and gas is sucked into the syringe until 5 ml of gas is captured. The Luer
Lok connection is closed such that no gas can escape. Now the syringe is left to cool down until it has
reached ambient temperature.

Figure 4.6: Syringe with Luer Lok connection to take a gas sample of the VLE inside the stripping column.
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By making use of the ideal gas law, equation 4.2, one can estimate the PCO2 and PH2O inside the
column. When the gas sample has cooled down, it has shrunken in volume. This is partly due to
the pressure difference between the column and ambient pressure. This volume decrease can be
calculated according to the ideal gas law. The extra decrease in volume is caused by condensation of
water vapor inside the syringe. The leftover volume inside the syringe is consequently pure CO2 vapor.
The VH2O:VCO2 ratio inside the syringe corresponds with the PH2O:PCO2 inside the column. Note
that this sampling analysis only works when the stripping column is operating at pressures lower than
ambient pressure. Also, assumptions are made for this analytical method which are listed in section
4.2.4.

H2O analysis

The H2O that is produced during a experiment is collected in a flask and is documented in the ex-
perimental sheet. To test the purity of the produced H2O, a Mettler Toledo Karl-Fischer titrator, figure
4.7, was used to analyse these liquid samples. Methanol works as a sorbent and a small amount of
the liquid sample is added and continuously mixed. The machine measures the electrical resistance
of the mixture through an electrode. Due to the addition of H2O, this resistance differs from the initial
resistance. Iodine is delivered in the container of the sorbent mixture and reacts with the H2O in the
liquid sample. This continues until the initial resistance value is restored. Iodine reacts with H2O in a
1:1 molar ratio and with the known amount of iodine added, the concentration of H2O in the sample
can be determined.

Figure 4.7: Karl-Fischer titrator setup.

CO2 analysis

To find the purity of the produced CO2 stream, a gas chromatographer (GC) is used. GC is a frequently
used type of chromatography to analyse compounds in a complex gas sample. The system consists of
two main components. The mobile phase is a carrier gas, such as helium or nitrogen. The stationary
phase is a thin layer of liquid or polymer on a solid support inside a column. The compounds that are
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analyzed react with the stationary phase. Each component elutes at a different moment in time which
is referred to as the retention time. By comparing the retention times, the GC is able to identify the
present compounds both qualitative and quantitative [87].

Mass flow meter

To measure the amount of CO2 that is produced, a mass flow meter is implemented at the end of the
CO2 product stream. CO2 gets pumped inside the mass flow meter when the pressure of the column
exceeds the set experimental pressure. When the pressure inside the mass flow meter exceeds the
release pressure, this is measured by a pressure sensor, the solenoid valve opens and CO2 is released
into the ambient air. The amount of CO2 that is released can be calculated according to the ideal gas
law, equation 4.2, where P = Prelease − Pambient. A release pressure of 1.5 bar corresponds with a
CO2 release volume of 110 ml when the release valve opens.

PV = nRT (4.2)

Energy usage

An energy meter is used to measure the energy usage of the lab heater during the experiment in kWh.
An average energy demand in W can be calculated when the experimental time is taken into account.
Note that the energy demand of the lab heater is not equal to the energy demand of the reboiler due
to heat transfer losses. This is explained more in depth in section 4.2.6.

4.2.6 Validation of Experiments

To validate the performed experiments, mass balances are constructed. Furthermore, energy balances
are investigated by comparing the measured energy demand during the experiments with the theoret-
ical energy demand proposed in chapter 2. These are presented and explained in the subsequent
sections.

Experimental mass balances

Figure 4.8 gives an overview of the mass flows in and out of the experimental setup during the per-
formed experiments. The concentrations of each mass flow should be known to close the mass balance
and validate the experiments. These concentrations are referred to in mass fractions per component i
as: zi = mass fraction of feed concentration, ys,i = mass fraction of lean sorbent mixture, yl,i = mass
fraction of liquid product and xi = mass fraction of vapor product. Where for i: 1 = TEPA, 2 = H2O and
3 = CO2 mass fraction. The governing equations for the mass balance are established:

F = S + L+ V (4.3)

Fzi = Sys,i + Lyl,i + V xi (4.4)

Where equation 4.3 represents the total mass balance and equation 4.4 represents the mass balances
per component. An overview of the error in these mass balances for the performed experiments is
given in table 4.6 and 4.7.

The mass flows are measured during the experiment according to the procedure described in section
4.2.3. The measurements of the mass flow concentrations are explained in section 4.2.5. However,
for the vapor product this works differently. The vapor product concentration can not be constantly
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Figure 4.8: Schematic of the mass flows in and out of the experimental setup.

measured and the produced volume is too large to store in a container. Therefore a single sample
is taken during the experiment as explained in section 4.2.5. To calculate the mass flow of the vapor
product components, the following equation is used:

V xi =
nV ρwiMi

wiMi + wjMj
(4.5)

Where n = number of puffs, V = escaped volume per puff, ρ = density of the vapor product, w = mole
fraction in vapor product, M = molar mass and i and j are the interested and remaining component.
To estimate the density and mole fractions, a simple model of the top cooler and flash tank was made
in COCO simulator. The COCO model is in detail explained in appendix D.1 and was verified with the
single sample taken during the experiment. Also the specified assumptions are listed in appendix D.1.
Table 4.6 and 4.7 present the mass balance results of the performed experiments in terms of error for
equation 4.3 and 4.4. The error was calculated according to equation 4.6.

Error =
|mi,in −mi,out|

mi,in
· 100 (4.6)

Where mi is the total mass of component i.

53 Confidential



Table 4.6: Mass balances validation experiments.

Experiment Feed Total error CO2 error H2O error TEPA error

[g] [%] [%] [%] [%]

1 1347 4.56 3.93 7.40 3.34
2 2543 2.25 1.94 0.09 4.67
2 (duplo) 2517 0.05 0.40 0.98 0.48
3 2810 0.48 1.32 0.10 0.72
4 806 12.96 2.6 18.38 12.55
4 (duplo) 592 4.20 8.8 16.44 8.87
4 (triplo) 393 2.60 12.1 2.03 3.19
5 282 0.59 0.95 4.14 5.19
6 236 1.05 0.72 10.86 8.43
7 203 1.53 4.26 5.14 9.63
8 337 4.66 6.08 15.07 3.71
9 336 1.87 11.47 9.99 12.39
10 248 3.04 2.38 8.33 20.54
11 362 0.94 6.51 8.24 10.46
12 203 2.36 13.76 3.92 5.08
13 452 4.13 11.47 9.14 1.96
14 462 0.82 0.40 5.17 2.81
15 972 2.39 1.39 2.47 6.67
Average 2.80 5.03 7.11 6.71

Table 4.7: Mass balances kinetic experiments.

Experiment Feed Total error CO2 error H2O error TEPA error

[g] [%] [%] [%] [%]

1 133 1.99 2.44 0.17 3.13
2 93 2.63 10.70 0.55 3.63
3 330 3.82 8.10 1.59 4.66
4 426 2.26 18.60 2.47 3.16
5 133 1.48 14.97 5.37 4.09
6 335 1.95 5.32 1.19 1.99
7 594 0.07 3.22 1.28 1.93
8 718 0.54 8.11 1.17 1.23
9 403 4.14 6.79 4.22 3.34
10 225 0.17 0.78 1.39 0.99
11 881 1.70 2.59 0.27 3.24
12 245 0.56 10.82 9.19 7.78
13 260 2.62 15.18 6.49 9.64
14 563 1.89 12.68 5.52 7.19
15 596 0.31 8.61 7.96 6.48
Average 1.74 8.59 3.26 4.17
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When one compares the FTIR errors presented in table 4.5 to the calculated mass balance errors in
table 4.6 and 4.7, it can be concluded that the mass balance errors are significantly higher than the
FTIR errors. This can be explained in various ways. Firstly, accumulation of H2O might happen in the
flash tank and influences therefore the H2O mass balance. Also, the samples taken are assumed to
represent a well mixed and therefore homogeneous solution. However, the high viscosity of the solution
implies that a homogeneous solution is difficult to establish. This might result in an increase in the mass
balance error. A correlation between the feed mass and mass balance error can be concluded from
table 4.6 and 4.7. A higher total feed mass into the system results in a smaller mass balance error. On
component level, this can explain the high mass balance errors of CO2 since there is a relatively small
amount of CO2 traveling in and out of the system.

Experimental energy balances

To analyse the experiments in terms of energy usage an energy balance is created. For this energy
balance, a single stage setup with zero reflux is assumed and a schematic of the heat transfer through
the system is presented in figure 4.9. Note that this is a rather simplified schematic, but will never-
theless shine light on the factors that cause the high energy demand of the experimental system.

Figure 4.9: Energy transfer schematic for the experimental setup.

The energy demand during the experiment is measured by the energy meter, explained in section 4.2.5,
which should be equivalent to the theoretical energy demand of the phenomena inside the system plus
the heat losses that occur during the experiment. This equalization is mathematically explained by the
energy balance, equation 4.7.

Qexp = Qsens +Qdes +Qvap +Qloss,stage (4.7)

Where Qexp = energy usage measured during experiment, Qsens = energy required for sensible heat,
Qdes = energy required for desorption of CO2, Qvap = energy required for vaporization of H2O and
Qloss,stage = energy loss from single stage into the atmosphere. Each component of the energy bal-
ance is elaborated on in appendix D.2 where also a list of assumptions is given. The results of the zero
reflux experiments are listed underneath.
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Table 4.8: Energy demand for performed single stage experiments with zero reflux, including the difference
between the experimental and theoretical energy demand.

Experiment Qexp Qsens Qdes Qvap Qloss,stage Difference

[W ] [W ] [W ] [W ] [W ] [W ]

4 (tab 4.3) 296.2 24.5 5.3 0.5 19.8 246.1
9 (tab 4.3) 999.7 32.5 8.1 63.6 17.5 878
11 (tab 4.3) 886.5 21.3 7 51.2 17.9 789.1
7 (tab 4.4) 341.2 53.4 9.5 80.9 19.6 177.8
8 (tab 4.4) 377.3 72.7 6.9 101.9 18.7 177.1
9 (tab 4.4) 193.4 41.1 3.3 0.3 17 131.7
11 (tab 4.4) 232.1 118.7 0 0 16.7 96.6
14 (tab 4.4) 1195.8 62.8 12.2 95.4 18.3 1007
15 (tab 4.4) 1284.8 77.5 14.2 122.4 18.2 1052.5

Table 4.8 suggests that the high experimental energy demand does not match the theoretical energy
demand of the single stage setup. Neglecting the energy loss from the lab heater to the solution
inside the single stage might provide a reason for the big difference. This is elaborated on in section
D.2. Additionally, it was found that the energy meter did not describe the energy usage accurately as
the lab heater has a max rated power of 1000 W , which is clearly exceeded according to table 4.8.
Consequently, the experimental energy demand can not be used to analyse the performance of
the stripping column.

4.2.7 Experimental Observations

While performing the proposed experiments, general observations were done on the performance
characteristics of the stripping column. A list of the main observations is given underneath.

• A six stage setup results in continuous temperature profile for multiple stages in the top.
In other words, the top stages have the same temperature and therefore function as a single
stage. This can be explained by the fact that the temperature profile is determined by the PH2O

profile over the stages. When PH2O is constant for multiple stages, the temperature for the
equivalent stages is also constant.

• During the experiments, the equilibrium of the column builds up from the bottom. This
is, the reboiler stages reaches equilibrium first, where after the upper stages reach equilibrium
one-by-one. This is shown in table 4.10 where it is clear that the top stage has not reached
equilibrium yet.

• It takes a long time, multiple hours, for a six stage setup to reach equilibrium in all the
present stages. This can be explained by the low feed mass flow rate chosen for the performed
experiments. A typical start up time for a column to reach equilibrium is 3.5 times the time that a
single particle spends inside the column.

• It was found that the Treb was determined by Pabs and the liquid concentration in the
reboiler stage, described by the vapor curve. For each Pabs and specific liquid concentration,
a maximum Treb could be achieved.

• The gas sampling method, proposed in section 4.2.5, did not provide the expected data
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on the partial pressures inside the column. An example is given in table 4.9, which indicates
a negative PCO2 in the reboiler stage. The error is most probably caused by the large ∆T
between the system and the syringe, resulting in H2O condensing inside the syringe while taking
the vapor sample. This affects the estimated volumes significantly and therefore the prediction
of the partial pressures inside the column.

Table 4.9: Obtained partial pressure data for experiment 1 (table 4.3) through the gas sampling method.

Stage Pabs PH2O PCO2

[−] [mbar] [mbar] [mbar]

1 755.5 171.4 584.1
2 764.5 572.9 191.6
3 752.7 580.9 171.8
4 762.1 582.9 179.2
5 754.6 543.1 211.5
6 746.8 927.5 -180.7

• Due to the temperature profile in the column, absorption in the upper stages can occur.
This was an effect of a relatively low rich loading and stage temperatures in the upper stages.
The low temperatures shift the VLE curve up, which results in an equilibrium loading that is
higher than the rich loading in the feed. Consequently, equilibrium is achieved, which means
that CO2 is being absorbed in these stages.

• During experiment 15, table 4.3, it was found that operating the stripping column at higher
pressures, the CO2 production yield also increased significantly. In chapter 5, this phe-
nomenon will be investigated further and an explanation will be presented.

4.2.8 Validation of Model through Experiments

In order to characterize the stripper, the stripping model must be validated as well. This will be done
according to the performed experiments, the experimental settings are used as input in the stripping
model. The zero reflux experiments are equipped since they quantify the reflux ratio during the specific
experiment. Examples of the validation are given in tables 4.10, 4.11, 4.12, 4.13 and 4.14. These corre-
lations between the experiments and model outputs represent the similarity between all the performed
experiments with the stripping model.
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Table 4.10: Model validation through 6-stage experiment 1 from table 4.3.

Experiment 1 (table 4.3)

Parameter Experiment Model Error

Stage 1
T 75.6 [°C] 101.41 [°C] 25.5 [%]
L 3.84 [mol/kg] 3.88 [mol/kg] 1.1 [%]
wTEPA 65 [wt%] 57 [wt%] 12.2 [%]

Stage 2
T 99.9 [°C] 101.44 [°C] 1.5 [%]
L 3.89 [mol/kg] 3.84 [mol/kg] 1.2 [%]
wTEPA 61 [wt%] 57 [wt%] 6.2 [%]

Stage 3
T 99.36 [°C] 101.47 [°C] 2.1 [%]
L 3.95 [mol/kg] 3.79 [mol/kg] 4.2 [%]
wTEPA 60 [wt%] 57 [wt%] 5.4 [%]

Stage 4
T 99.08 [°C] 101.5 [°C] 2.4 [%]
L 4.59 [mol/kg] 3.73 [mol/kg] 18.8 [%]
wTEPA 59 [wt%] 57 [wt%] 4.0 [%]

Stage 5
T 97.91 [°C] 101.61 [°C] 3.6 [%]
L 4.72 [mol/kg] 3.66 [mol/kg] 22.6 [%]
wTEPA 59 [wt%] 57 [wt%] 4.2 [%]

Stage 6
T 118.99 [°C] 118.99 [°C] 0 [%]
L 2.43 [mol/kg] 2.28 [mol/kg] 6.0 [%]
wTEPA 75 [wt%] 79 [wt%] 5.9 [%]

It was found that the measured loadings in stage 4 and 5 of table 4.10 were sampling measurement
errors by the FTIR. The table also shows a clear temperature deviation in stage 1 between the ex-
periment and model. This indicates that the top stage had not yet reached equilibrium, which also
explains the large deviation in mass fraction of TEPA. The other stages seem to have been pretty
accurately simulated by the model.

Table 4.11: Model validation through single stage experiment 4 from table 4.3.

Experiment 4 (table 4.3)

Parameter Experiment Model Error

Stage 1
T 120.96 [°C] 120.96 [°C] 0 [%]
L 3.16 [mol/kg] 2.75 [mol/kg] 13.0 [%]
wTEPA 64 [wt%] 77 [wt%] 17.6 [%]
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Table 4.12: Model validation through single stage experiment 11 from table 4.3.

Experiment 11 (table 4.3)

Parameter Experiment Model Error

Stage 1
T 109.02 [°C] 109.02 [°C] 0 [%]
L 2.91 [mol/kg] 2.9 [mol/kg] 0.3 [%]
wTEPA 70 [wt%] 79 [wt%] 11.6 [%]

Table 4.11 and 4.12 show both a large deviation in the mass fraction of TEPA. It was found for all
the single stage experiments that the model consistently over predicts the mass fraction of TEPA in the
liquid mixture. An explanation of this error is the assumption that the effect of CO2 on the vapor curve is
negligible, stated in section 3.2. The single stage experiments might prove that the assumption is
incorrect. More research on the effect of PCO2 on the vapor curve is required, this is elaborated on in
chapter 7. The loading in table 4.11 also shows inconsistency with the model. This mismatch is caused
by the interpolation in the SIT model of the obtained experimental VLE data points by Dowling et al.
The data points have a standard deviation of around ±0.25 mol CO2/kg TEPA from the calculated
VLE curve [12]. This deviation is even higher in the lower ranges of PCO2 and L.

Table 4.13: Model validation through 2-stage experiment 13 from table 4.3.

Experiment 13 (table 4.3)

Parameter Experiment Model Error

Stage 1
T 96.03 [°C] 101.56 [°C] 5.4 [%]
L 5.33 [mol/kg] 5.31 [mol/kg] 0.3 [%]
wTEPA 48 [wt%] 49 [wt%] 0.4 [%]

Stage 2
T 119.82 [°C] 119.82 [°C] 0 [%]
L 2.74 [mol/kg] 2.72 [mol/kg] 0.9 [%]
wTEPA 77 [wt%] 76 [wt%] 1.7 [%]

Table 4.14: Model validation through 2-stage experiment 14 from table 4.3.

Experiment 14 (table 4.3)

Parameter Experiment Model Error

Stage 1
T 99.04 [°C] 101.88 [°C] 2.8 [%]
L 5.02 [mol/kg] 5.11 [mol/kg] 1.7 [%]
wTEPA 46 [wt%] 49 [wt%] 4.6 [%]

Stage 2
T 119.48 [°C] 119.48 [°C] 0 [%]
L 2.95 [mol/kg] 2.67 [mol/kg] 9.4 [%]
wTEPA 73 [wt%] 76 [wt%] 4.2 [%]
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For the 2-stage experiments, it was found that the model predicts the performed experiments accurate.
The top stage temperature in table 4.13 and 4.14 is slightly off. This might be caused by a small reflux
of H2O which occurred at the top of the column during the experiment. Another explanation is that the
assumption of zero heat losses in the model overestimates the temperatures of the stages above the
reboiler.
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Chapter 5

Results and Discussion
In this chapter, the results of this thesis work are presented. First, the effect of kinetics in the stripping
column is investigated, followed by an analysis of the diffusion and reaction rate relation. This relation
will describe the limitations of the desorption phenomenon inside the stripping column. Subsequently,
a sensitivity analysis on the input parameters is presented to understand the effect on the performance
of the stripping column.

5.1 Kinetics

5.1.1 Hold Up Time

To get an understanding of the importance of reaction kinetics in an equilibrium stage, one must specify
the hold up time for that specific stage. The hold up time is defined as the time that a particle of the
species of interest remains in the system. In the case of a multi-stage stripper, each stage is identified
as a separate system. Equation 5.1 gives the general formula that is used to calculate the hold up time.

thold =
Vstage
ṁout

(5.1)

Where Vstage = liquid volume in the stage and ṁout = mass flow rate out of the stage. The hold up
time can be used to express the time that is required for a stage to reach VLE equilibrium. In other
words, the feed mixture remains long enough in the stage to desorb the contained H2O and CO2 so
that it coincides with the VLE curve for the specific T and PCO2 of the stage. When the equilibrium is
reached, the vapor and liquid composition inside the stage remains constant. So from this point on, an
increase in the hold up time would not affect the composition.

Figure 5.1 shows the data points acquired through the single stage experiments for the 115°C isotherm
at Pabs = 950 mbar. In Matlab, the cftool application is used to create a curve fit of the presented data
points.

(a) (b)

Figure 5.1: Lean loading versus hold up time for performed experiments at 115°C and Pabs = 950 mbar and (a)
a rich loading of 4 mol CO2/kg TEPA and (b) a rich loading of 6.5 mol CO2/kg TEPA.
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Before drawing conclusions, assumptions must be taken into account. The relevant assumptions are
listed underneath:

• The lean loading at thold is 0 s equals the rich loading in the feed mixture. This is a
theoretical starting point, in reality the lean loading will always be lower when it has spend time
inside the system.

• ṁin and ṁout are assumed to be equal, so also represent the average mass flow rate from
stage to stage inside the column. Accordingly, ṁout can be used to calculate the hold up time
of each stage individually.

• Besides varying the mass flow rate of the feed, constant experimental conditions are
assumed for each data point.

• It is assumed that the rich loading does not determine the equilibrium loading presented
by the VLE. As P and T inside the stage are constant, the lean loading is fixed and is therefore
not affected by a change in rich loading. According to this assumption, the equilibrium loading
at thold is 4500 s presented in figure 5.1.a is implemented as equilibrium loading point in figure
5.1.b. This assumption will be investigated in section 5.2.

Figure 5.1 demonstrates that, under the specified conditions, to reach VLE equilibrium, a mini-
mum hold up time of respectively 600 and 1500 seconds is required. At these points, the curve fit
is about horizontal, which indicates that the lean loading does not decrease when increasing the hold
up time and thus equilibrium is reached. It can also be concluded that a higher rich loading leads
to a larger hold up time that is required to reach equilibrium. So, as the cyclic capacity increases,
the required hold up time to reach equilibrium increases too.

Note that the error between the data points and the curve fit in especially figure 5.1.a are relatively big.
This can be explained by the small variations in Tabs, wH2O and Lrich between the different performed
experiments. These variations were smaller in 5.1.b which can be clearly observed by the accurate
correlation between the data points and the curve fit. Moreover, the FTIR analysis also contributes
slightly to the presented error, which is explained in section 4.2.5.

Since the hold up time directly affects the CO2 production yield, it is of interest to dive deeper in the
phenomena that cause the specific hold up time and investigate how to minimize it. As explained in
section 2.2.1, desorption of CO2 is determined by the reaction kinetics and diffusion. The following
section will shine light on the importance of both phenomena regarding the performed experiments.

5.1.2 Reaction Kinetics vs Diffusion

This discussion is purely based on assumptions, although a basic understanding can be estab-
lished according to the findings presented underneath. Nevertheless, further research on this
topic is required. Consequently, no concrete quantification can be drawn from this analysis.
To discuss the limitations of the performed experiments in terms of reaction kinetics and diffusion, the
Damköhler number, explained in section 2.2.1, is used. The Damköhler number is calculated according
to equation 2.10. To do so, one must find the diffusion coefficient D at 120 °C. A diffusion coefficient
of 10−15 was found at 20 °C by De Matteis et al. [13]. Scaling of D can be done, since it is inversely
proportional to the viscosity µ according to the Stokes-Einstein relation, equation 2.7. The viscosity at
20 °C can be found in figure 2.9 and corresponds to 5 Pa · s. The T -µ relation proposed by Sinha et
al. [11] is accurate for temperatures between 20 - 40 °C. Extrapolating the T -µ relation results in µ
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equals 10−7Pa ·s at 120 °C, which is unrealistically low. An analogy with the T -µ relation for H2O can
be made according to equation 5.2. It was found that µ equals 1.15 Pa ·s at 120 °C. Implementing the
viscosity in the T -µ relation would suggest a temperature of around 40 °C. Consequently, this analogy
is not used to estimate µ at 120 °C.

µTEPA,20°C

µTEPA,120°C
= 5000 ·

µH2O,20°C

µH2O,120°C
(5.2)

As the above mentioned viscosity estimate methods did not result in a realistic µ at 120 °C, experi-
mental observations will be used to suggest a viscosity. During experiments, it was observed that the
lean loaded TEPA mixture leaving the single stage at 120 °C had a viscosity which is close to µ of H2O
at 20 °C. For this reason, µ at 120 °C is assumed to equal 10−3Pa · s. Consequently, D at 120°C
is calculated via equation 5.3.

D120°C

D20°C
=

µ20°C

µ120°C
(5.3)

Next to the viscosity assumption at 120°C, there are some other assumptions that should be stated
regarding the calculation of the Damköhler number:

• For simplicity reasons, the solution inside the single stage is assumed to be a flat liq-
uid film. In the experimental setup, the lean solvent outlet is placed 0.01 m above the
bottom surface. However, the solution is boiling which causes the diffusion length to be
much lesser. A diffusion length of 0.001 m is assumed. A sensitivity analysis on the diffu-
sion length will be performed in section 5.1.3 to find the effect of this assumption. Moreover,
this assumption implies that the calculated Damkohler number can be compared to the
Hatta numbers found in literature, section 2.2.1. This will give insight in the limitation of the
experimental system compared to liquid amine systems in industry.

• Due to boiling, the solution inside the stage is slowly mixing, based on experimental ob-
servations, however can not be assumed as an homogeneous solution. This backs up the
diffusion length assumption as the diffusion length should have a significant length compared to
the film height due to a lack of mixing. Heavily boiling would enhance mixing and conse-
quently lead to a shorter diffusion length.

• To calculate the volume of produced CO2, the ideal gas law is used. This is explained more
in detail in section 4.2.5.

The outcome of the Stokes-Einstein scaling method and the corresponding Damköhler number is pre-
sented in table 5.1 for a generic single stage experiment.

Table 5.1: Experimental variables used to calculate Damköhler number for a generic single stage experiment.

Temperature Diffusion CO2 produced Exp. Mass feed Concentration Dall

coefficient [g] time mixture CO2 in feed
[°C] [m2/s] [s] [g] [wt%] [−]
120 5·10−12 20 7200 500 10 11.1
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It was found in section 2.2.1 that typical Hatta numbers for desorption of CO2 from liquid amines are in
the range of 10 to 35. Consequently, it can be concluded that the desorption process inside the
stripper corresponds to the suggested literature and is limited by diffusion.

5.1.3 Sensitivity Analysis

In section 5.1.2, assumptions were suggested for the viscosity of the solution at 120 °C and the dif-
fusion length. To understand the effect of viscosity and diffusion length on the Damköhler number, a
sensitivity analysis is performed and visually presented in figure 5.2.

(a) (b)

Figure 5.2: Sensitivity analysis on the Damköhler number where (a) expresses the effect of change in diffusion
length and (b) the effect of change in viscosity.

One can see from the graphs that the diffusion length scales exponentially with the Damköhler
number. Moreover, the viscosity of the liquid mixture scales directly proportional with Dall.
This means that changing the diffusion length has the largest impact on Dall. Both assumptions
have a strong effect on the Damköhler number which means that it is difficult to draw concrete
quantification from this analysis. More research on this subject is required which is proposed
in section 7.

5.2 Effect of Parameters

As stated in chapter 1, the stripping column is analyzed through the effect of parameters on the per-
formance of the stripper. In order to perform the analysis, three groups of different parameters and
results are distinguished. Input parameters are the parameters that can be set to obtain a certain
performance of the stripper. Internal results describe the phenomena that occur inside the stripper
that are a consequence of the input parameters. Note that the internal results can be stage specific or
for the entire stripping column. Finally, output results are the results in which the performance of the
stripper is measured. An overview of all these parameters and results is presented in table 5.2.
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Table 5.2: Overview of parameters and results to analyse the performance of the stripping column.

Input Internal Output
parameters results results

Pabs PCO2,i Llean
Treb PH2O,i CC
Tfeed Ti E
ṁfeed Li Rtop
R wH2O,i

Lrich Qreb
wH2O

N

5.2.1 Base Case

In order to analyse the effect of input parameters on the performance of the stripping column, a base
case is proposed. A list of the chosen input parameter values is given in table 5.3. P and Tfeed
are, for convenience, chosen to be at ambient conditions. L and wH2O present typical rich loaded
TEPA concentrations of CO2 and H2O [13]. Treb is chosen to be the maximum reboiler temperature
determined by the before mentioned parameters in combination with the vapor curve. This will be
explained in more detail in section 5.2.2. ṁfeed is chosen to be close to the experimental mass flow
rates. Note that ṁfeed is depending on the amount of TEPA and H2O mols in the feed solution only,
this is explained in section 2.2.1.

Table 5.3: Base case input parameters.

Parameter Value Units

L 4 [mol CO2/kg TEPA]
wH2O 40 [wt%]
P 1000 [mbar]
Treb 120 [°C]
Tfeed 20 [°C]
N 2 [−]
R 0 [−]
ṁfeed 0.006 [mol/s]

An overview of the base case performance outputs is presented in table 5.4 and 5.5 per stage and for
the total stripping column respectively. These values will be used in the following sensitivity analyses
on the effect of parameters.
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Table 5.4: Overview of outputs per stage for base case.

Parameter Value Units

Stage 1
T 106.7 [°C]
L 4.11 [mol CO2/kg TEPA]
wH2O 45 [wt%]
PH2O 929.9 [mbar]
PCO2 70.1 [mbar]

Stage 2
T 120 [°C]
L 2.63 [mol CO2/kg TEPA]
wH2O 25 [wt%]
PH2O 946.7 [mbar]
PCO2 53.3 [mbar]

Table 5.5: Overview of outputs for total stripping model for base case.

Output Value Units
Qreb 230.6 [W ]
E 1297.8 [kJ/mol CO2]
Rtop 13.3:1 [mol H2O : mol CO2]
CC 1.37 [mol CO2/kg TEPA]

To analyse the internal and output results from the base case, one must take the stripping model
assumptions, presented in chapter 3, into account. Table 5.4 shows that absorption is taking place in
the top stage of the stripping column. Also, the concentration of H2O is higher the top stage compared
to the rich feed. In the reboiler, both the CO2 and H2O concentrations are lower compared to the rich
feed, this implies that desorption of both components is happening here. Table 5.5 presents the energy
usage of the stripping column which is relatively high compared to industrial stripper applications stated
in section 2.1.2. Furthermore, the top vapor ratio is high which suggests a large amount of H2O going
over the top, resulting in a high energy demand.

5.2.2 Sensitivity Analyses

In this section, sensitivity analyses on the effect of each input parameter on the performance of the
stripping column are presented. A qualitative analysis is done for each input parameter individually and
expressed in terms of performance parameter alteration. A combination of these sensitivity analyses,
to find the optimal stripping configuration in terms of energy usage, will be presented in chapter 6.

Rich loading

To find the effect of the rich loading on the performance parameters, it is varied between 1 and 9
mol CO2/kg TEPA. The output results for this input parameter range are presented in table 5.6.
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Table 5.6: Effect of rich loading Lrich on performance parameters.

Lrich CC Llean E Rtop

[mol CO2/ [mol CO2/ [mol CO2/ [kJ/mol CO2] [PH2O/PCO2 ]
kg TEPA] kg TEPA] kg TEPA]

1 0.12 0.88 1.33·104 143
2 0.36 1.64 4430 47.1
3 0.79 2.21 2149 22.5
4 1.37 2.63 1297 13.3
5 2.08 2.92 900 8.9
6 2.88 3.12 683 6.6
7 3.74 3.26 551 5.1
8 4.64 3.36 463 4.2
9 5.57 3.43 402 3.5

To understand the relation between the rich loading and the lean loading and consequently the cyclic
capacity, these are plotted against one another in figure 5.3.

Figure 5.3: Effect of the rich loading L on the cyclic capacity and lean loading.

Figure 5.3 suggests that when increasing the rich feed loading, the lean loading increases fast
at first and flattens around 5 mol CO2/kg TEPA. Consequently, the cyclic capacity increases
slow at first but will shift towards a linear scaling with the rich loading. This is explained by the
increase of PCO2 in the reboiler stage, since an increase in PCO2 results in a higher equilibrium loading
according to the VLE. Note that this conclusion only holds for this rich loading domain. As the VLE
might behave differently outside of the analysed rich loadings, phenomena might occur that are not
described here. This suggests that the assumption regarding a constant lean loading, section
5.1, only holds for high rich loadings.
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(a) (b)

Figure 5.4: Effect of the rich loading Lrich on (a) the energy usage per CO2 yield and (b) vapor ratio in the top
stage.

The energy demand of the stripping column decreases when the rich loading goes up. This can
be explained by a large increase in desorbed CO2 while the energy duty of the reboiler only rises a
relatively small amount. The vapor top ratio decreases too when intensifying the rich loading.
The amount of CO2 in the vapor phase, PCO2 , rises while PH2O remains relatively constant, which
implies that the vapor top ratio decreases.

Mass fraction H2O in feed

To analyse the effect of H2O in the feed stage on the performance of the system, a range of 25 to 70
wt% of H2O in the feed is chosen. Note that the mass fractions relate to the binary TEPA-H2O mixture
used in the vapor curve, so CO2 is not taken into account. The output results for this input parameter
range are presented in table 5.7.

Table 5.7: Effect of the mass fraction of H2O, wH2O, in the feed on the performance parameters.

wH2O CC Llean E Rtop

[wt%] [mol CO2/ [mol CO2/ [kJ/mol CO2] [PH2O/PCO2 ]
kg TEPA] kg TEPA]

25 0.26 3.74 2213 6.3
30 0.71 3.29 1274 8.5
40 1.37 2.63 1297 13.3
50 1.89 2.11 1597 19.0
60 2.37 1.63 2068 26.8
70 2.83 1.17 2834 38.6

Figure 5.5 visualizes the relation between wH2O in the rich feed to the lean loading and cyclic capacity.
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Figure 5.5: Effect of the mass fraction of H2O, wH2O, in the feed on the cyclic capacity and lean loading.

One can see from figure 5.5 that when increasing the mass fraction of H2O in the feed, the
lean loading decreases. This induces the cyclic capacity to rise since the rich loading in the
feed remains constant. An explanation for this relation is the increase of PH2O in the reboiler stage
when increasing wH2O. An increase in PH2O results in a decrease in PCO2 in the reboiler stage and
therefore a lower lean loading and consequently higher cyclic capacity.

(a) (b)

Figure 5.6: Effect of the mass fraction of H2O, wH2O, in the feed on (a) the energy usage per CO2 yield and (b)
vapor ratio in the top stage.

Figure 5.6 suggests that there is a minimum for the energy demand around a H2O mass fraction
of 35 wt%. Initially, with almost no H2O in the feed, the cyclic capacity is low and rises with increasing
H2O mass fraction. When the minimum energy usage is reached, increase of sensible heat due to
increasing amount of wH2O in the feed becomes dominant and therefore results in a rising energy
usage. The vapor top ratio grows with wH2O. Since wH2O,top increases with an increase of wH2O,
PH2O increases too which leads to a larger vapor top ratio.
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Absolute pressure and reboiler temperature

One of the findings during the experimental phase is that Pabs, Treb and wH2O,reb are a closely related
concept. Due to the presence of H2O in the mixture, the Treb to facilitate boiling of the solution is de-
termined by the vapor curve. Subsequently, Pabs, Treb and wH2O,reb will not be analysed as individual
parameters. Therefore, Pabs will be varied and the corresponding Treb that facilitates boiling of the
solution is taken to find the output parameters. This is done for a constant wH2O,reb of 30 wt%. The
results are presented in table 5.8.

Table 5.8: Effect of absolute pressure Pabs and corresponding maximum Treb on performance parameters.

Pabs Treb CC Llean E Rtop

[mbar] [°C] [mol CO2/ [mol CO2/ [kJ/mol CO2] [PH2O/PCO2 ]
kg TEPA] kg TEPA]

250 78.5 0.45 3.55 2605 29.5
500 96.0 0.68 3.32 1892 19.4
750 107.5 0.90 3.10 1556 15.2
1000 115.8 1.04 2.96 1376 12.7
1250 122.8 1.20 2.80 1245 11.1
1500 128.7 1.33 2.67 1152 9.9
2000 138.4 1.56 2.44 1027 8.5

Table 5.8 indicates that increasing Pabs, results in a lower lean loading and thus a larger cyclic capacity.
This is visually presented in figure 5.7, 5.8 and 5.9.

Figure 5.7: Effect of absolute pressure Pabs on the lean loading for Pabs = 500 mbar.
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Figure 5.8: Effect of absolute pressure Pabs on the lean loading for Pabs = 1000 mbar.

Figure 5.9: Effect of absolute pressure Pabs on the lean loading for Pabs = 2000 mbar.

In these figures, the Treb isotherm in the VLE is plotted against the vapor curve for the wH2O,reb. As
the Treb increases with an increase in Pabs, the VLE is shifting down. As the vapor curve remains
constant due to a constant assumed wH2O,reb, the intersection point of the VLE and vapor curve goes
down which corresponds to a lower equilibrium loading. To conclude, an increase in Pabs results in
a lower lean loading and larger cyclic capacity.
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(a) (b)

Figure 5.10: Effect of the absolute pressure P on (a) the energy usage per CO2 yield and (b) vapor ratio in the
top stage.

Figure 5.10indicates that the energy usage for an increasing absolute pressure drops. The
larger temperature difference between Tfeed and Treb results in a higher reboiler duty. Moreover, the
increase in amount of desorbed CO2 also intensifies the reboiler duty. Nonetheless, the increase in
desorbed CO2 is dominant over the increase in reboiler duty, which results in a drop in energy usage
for the system, figure 5.10. The top ratio reduces while the absolute pressure increases. PCO2

rises significantly faster than PH2O in the top stage when increasing Pabs. This leads to a reduction of
the vapor top ratio.

Number of stages

For the sensitivity analysis on the number of stages, a rich loading of 6 mol CO2/kg TEPA was
chosen to emphasize the effect of the number of stages on the performance parameters. The results
of this analysis are presented in table 5.9.

Table 5.9: Effect of number of stages N on performance parameters.

N CC Llean E Rtop

[−] [mol CO2/ [mol CO2/ [kJ/mol CO2] [PH2O/PCO2 ]
kg TEPA] kg TEPA]

1 2.37 3.63 841 8.4
2 2.88 3.12 683 6.6
3 3.17 2.83 618 5.8
4 3.35 2.65 583 5.4
5 3.48 2.52 562 5.2
6 3.57 2.43 548 5.0
7 3.63 2.37 538 4.9
8 3.68 2.31 531 4.8

To explain the effect of N on the lean loading, a 1, 3 and 8 stage column are compared in table 5.10 in
terms of internal results in the top and bottom stage.
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Table 5.10: Effect of number of stages N on H2O mass fraction and partial pressures at bottom and top stage,
where Tbottom remains constant at 120°C.

N T wH2O PCO2 PH2O T wH2O PCO2 PH2O

top top top top bottom bottom bottom bottom
[−] [°C] [wt%] [mbar] [mbar] [°C] [wt%] [mbar] [mbar]

1 120.0 23.6 106 894 120 23.6 106 894
3 104.0 45.4 147 853 120 25.0 62 938
8 103.3 45 172 828 120 25.8 42 958

It is clear that an increase in the number of stages results in a higher mass fraction of H2O in the bottom
stage. This leads to a higher PH2O and lower PCO2 in the bottom stage. This is visually presented in
figure 5.11 where the VLE isotherm of 120 °C is plotted against the vapor curve for the different wH2O

in the bottom stage.

Figure 5.11: Lean loading for a 1, 3 and 8 stages stripping column.

Figure 5.11 shows that a rise in the amount of H2O present in the bottom stage, increases PH2O,bottom

and decreases PCO2,bottom, which results in a lower lean loading and therefore larger cyclic capacity.
So, increasing the number of stages results in a lower lean loading and thus a larger cyclic
capacity.
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(a) (b)

Figure 5.12: Effect of the number of stages N on (a) the energy usage per CO2 yield and (b) vapor ratio in the
top stage.

Figure 5.12 implies that E goes down when N rises. The amount of desobed CO2 rises for in-
creasing N , which results in a higher reboiler duty. Nevertheless, the rise in amount of desorbed CO2

is dominant over the increase in reboiler duty, so results in a reduction in energy usage. Increasing
N induces a decrease in Ttop. This results in a lower PH2O in the top and therefore a higher PCO2

implying a smaller vapor top ratio. Thus, increasing N results in a decrease in the vapor top ratio.
Note that table 5.9 shows that wH2O finds a maximum in the chosen range of N . Due to the decrease
of Ttop when increasing N , a maximum or minimum is not found for the vapor top ratio.

Reflux ratio

For the reflux ratio, a range between 0 and 3 is investigated. The results are presented in table 5.11.

Table 5.11: Effect of reflux ratio R on performance parameters.

R CC Llean E Rtop

[−] [mol CO2/ [mol CO2/ [kJ/mol CO2] [PH2O/PCO2 ]
kg TEPA] kg TEPA]

0 1.37 2.63 1298 13.3
0.5 1.66 2.34 1436 16.1
1 1.87 2.13 1582 18.7
1.5 2.05 1.95 1728 21.2
2 2.20 1.80 1871 23.6
3 2.43 1.57 2152 28.1

A graphical presentation of the R, lean loading and cyclic capacity relation is shown in figure 5.13.
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Figure 5.13: Effect of the reflux ratio R on the cyclic capacity and lean loading.

It was found that the increase of reflux leads to a decrease of the lean loading and an increase
of the cyclic capacity. A higher reflux leads to a higher H2O mass fraction in the reboiler stage, which
results in a higher PH2O and therefore a lower PCO2 . Consequently, the equilibrium loading in the
reboiler stages is decreasing for an rising reflux ratio. As the rich loading remains constant, the cyclic
capacity increases too.

(a) (b)

Figure 5.14: Effect of the reflux ratioR on (a) the energy usage per CO2 yield and (b) vapor ratio in the top stage.

From figure 5.14, it can be concluded that when the reflux ratio rises, the energy usage of the
stripper rises linearly. This is due to an increase in reboiler duty to heat and evaporate the refluxed
H2O. The vapor top ratio grows almost linearly with the reflux ratio. This is caused by the increase
of wH2O and therefore increase of PH2O in the top stage.
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Feed temperature

It was found that the effect of the feed temperature on the lean loading, cyclic capacity and
vapor top ratio is relatively small and therefore assumed to be negligible. The effect on the
energy usage of the stripping column is presented in figure 5.15. A Tfeed range of 20 to 80 °C is
chosen, since higher feed temperatures would cause desorption to occur before the feed reaches the
column. This is further investigated in chapter 6.

Figure 5.15: Effect of the feed temperature Tfeed on the energy usage per CO2 yield.

For the specific Tfeed range, it can be concluded that the energy usage scales inverse linearly with
the feed temperature. This means that the non-linear effects in the chosen range are relatively small.
When increasing Tfeed, the temperature difference between Tfeed and Treb becomes smaller which
results in a lower reboiler duty.

Feed mass flow rate

The effect of ṁfeed on the perfromance of the stripping column is presented in table 5.12.

Table 5.12: Effect of feed mass flow rate ṁfeed on performance of the stripping column.

ṁfeed CC Llean E Rtop

[mol/s] [mol CO2/ [mol CO2/ [kJ/mol CO2] [PH2O/PCO2 ]
kg TEPA] kg TEPA]

0.002 1.37 2.63 1298 13.3
0.016 1.37 2.63 1298 13.3
0.064 1.37 2.63 1298 13.3

As the stripping model assumes equilibrium, varying the mass flow rate does not affect the
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performance of the stripping column. The reboiler duty and amount of desorbed CO2 scale directly
proportional with the feed mass flow rate. Consequently, the energy usage of the stripping column
remains constant when increasing the mass flow rate.

A side effect of increasing the feed mass flow rate is the fact that equilibrium might not be achieved in-
side the stripping column. This influences the performance of the stripper drastically, which is explained
in depth in section 5.1.

Figure 5.16 presents a visual overview of the performed sensitivity analyses, which can be used to
predict the performance of the stripper in comparison to the base case.
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Figure 5.16: Overview of the sensitivity analysis on the effect of input parameters on the performance of the
stripper. 78 Confidential



Chapter 6

DAC System Engineering
As the final research question indicates, a new version of ZEF’s stripping column to desorb CO2 and
H2O from the ternary TEPA-H2O-CO2 mixture is designed and proposed in this chapter. Firstly, ZEF’s
operating requirements and relevant assumptions are listed. Subsequently, the most favorable operat-
ing conditions of the stripping column are found followed by a design of the stripping column. Finally, a
design of the total DAC system of ZEF is proposed and compared to other CO2 capture companies in
terms of energy demand.

6.1 ZEF’s Operating Requirements

ZEF has established a number of operating requirements that must be met to fulfill the methanol pro-
duction target presented in section 1.2. These requirements determine the performance of the stripping
column and are listed underneath:

• ZEF is aiming at a CO2 production of 18.75 mol per daily operational period of 8 hours.

• In order to produce methanol, a 3:1 molar ratio of H2O and CO2 product streams is re-
quired as output from the stripping column. That is, the vapor ratio in the top stage of the
stripping column must match the 3:1 ratio. This directly determines the production rate of H2O,
which is equal to 56.25 mol per day.

• The stripping column is operating at Pabs equals 1000 mbar. The main reason for operating
at this pressure is due to simplicity of the system, the absorption and stripping column are
operating at the same pressure.

6.2 Assumptions

Next to the operating requirements given by ZEF, assumptions are required to establish boundary con-
ditions for the stripper to operate within. In designing the stripping column, the following assumptions
are considered:

• The stripping column operates at equilibrium. This means that the stripping model can be
used to predict the performance for specific operating conditions.

• According to the VLE, a higher cyclic capacity can be achieved when one increases the temper-
ature or the rich initial loading. In varying research works, it is described that TEPA is starting to
degrade at temperatures above 120 °C [88] [89]. For this reason, the Treb is set at 120 °C.

• The sensitivity analysis has shown that when increasing the number of stages at an absolute
pressure of 1000 mbar, Ttop is relatively close to 100 °C. Therefore, in combination with PCO2

is 250 mbar, the equilibrium loading can be found in the VLE, presented in figure 6.1. Hence,
6.9 mol CO2/kg TEPA is the lowest rich feed loading that can be used without absorption
taking place in the top stage.
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Figure 6.1: VLE where the equilibrium loading at 100 °C is given for a top ratio of 3:1 (PCO2 = 250 mbar).

De Matteis et al. [13] found that the maximum loading of TEPA in ambient conditions equals 9
mol CO2/kg TEPA. This presents a rich feed loading range of 6.9 - 9 mol CO2/kg TEPA.
Moreover, as an increase in loading results in a decrease in energy demand per produced CO2,
6.9 molCO2/kg TEPA is chosen as the rich feed loading to design the stripping column
for. Also, the viscosity of the feed scales quadratically with increased CO2 loading. So, a lower
feed loading will result in a lower energy demand of the feed pump, this will be elaborated on
later in this chapter.

• The stripping column is designed for a warm and humid climate. As wH2O in the feed is depend-
ing on the relative humidity [90], wH2O is chosen to equal 30 wt%. Also, since the system is
operating in a warm climate, the absorption column operating temperature Tabs is chosen
to be 30 °C.

• Liquid mass flow in and out of a stage is assumed to be equal. In this way, ṁfeed describes
the mass flow of the solvent through the system and can be used to calculate the required hold
up volume per stage.

• The maximum Tfeed is determined by the temperature of the top stage. Since the column is
operating at an absolute pressure of 1000 mbar, a Tfeed that exceeds Ttop results in desorption
of CO2 before the feed enters the column. Moreover, in the top stage, absorption will take place
as the temperature is lower and therefore the equilibrium loading is higher than the feed loading.
When absorption takes place, to fulfill the required vapor top ratio, a higher reflux ratio is required
which results in a higher energy demand. This is investigated in section 6.3.

• The hold up time of 600 s to reach equilibrium, found in chapter 5, is used to size the hold
up volume of all the stages inside the stripping column. In other words, the hold up time is
not temperature dependent. It is also assumed that the concentration of the solvent mixture is
not affecting the hold up time to reach equilibrium.
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6.3 Stripper Design for ZEF

The presented operating boundary conditions for the stripping column are combined and visualized
in figure 6.2. The red parameters represent the parameters that can be adjusted to optimize for the
minimal energy demand of the system.

Figure 6.2: Overview of the operating boundary conditions and relevant parameters for the stripping column.

Figure 6.3 presents the procedure that is used to arrive at the final stripping column design for ZEF’s
DAC system. Firstly, according to the sensitivity analyses performed in chapter 5, N is found for a
minimal energy demand of the stripper, followed by the optimal Tfeed and the corresponding R while
satisfying the 3:1 top vapor ratio. After which the ṁfeed is determined based on the required CO2 and
H2O production streams. Also, the hold up volume of each stage inside the stripper is determined.
Finally, the new stripper design is presented.
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Figure 6.3: Overview of the procedure used to find the proposed stripping column design.

The sensitivity analyses presented in chapter 5 are used to find the optimum value of N for a minimal
energy demand of the stripper per produced CO2. It was found that a 5 stage stripping setup
resulted in the lowest energy demand per produced CO2. Increasing the number of stages even
more did not result in a significantly lower energy demand.

To minimize the energy demand of the stripping column, preheating of the feed mixture is required.
Ideally, the feed mixture will be preheated up to the point where it starts to desorb CO2 and H2O. The
relation between Tfeed and the CO2 and H2O concentrations is presented in figure 6.4.
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Figure 6.4: Relation between Tfeed and the CO2 and H2O equilibrium concentrations in the feed mixture.

It was found that at Tfeed equals 105 °C, CO2 and H2O start to desorb from the mixture at an absolute
pressure of 1000 mbar. The relation of the feed concentrations and temperature is subsequently used
as input in the 5 stage model and is optimized for the energy demand of the stripping column. A
correlation between Tfeed and the energy demand of the stripper is visually presented in figure 6.5.
For each Tfeed, a value for R was found to satisfy the 3:1 vapor ratio in the top of the column.

Figure 6.5: Correlation between Tfeed and the energy demand of the stripping column.
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From figure 6.5 can be concluded that the 5 stage stripping column has a minimum energy
demand for a Tfeed of 105 °C. For these conditions, a reflux ratio of 0.55 was found to satisfy
the 3:1 vapor ratio in the top of the column. The minimum in the energy curve can be explained
by the decrease in equilibrium concentrations of CO2 and H2O in the feed at temperatures higher than
105 °C. Implementing these stripper operating conditions in the stripping model produces the output
results presented in table 6.1.

Table 6.1: Overview of the output results for the stripping column of ZEF where N is 5 and R equals 0.55.

Output results Value Units
E 279 [kJ/mol CO2]
Llean 3.6 [mol CO2/kg TEPA]
CC 3.3 [mol CO2/kg TEPA]
Rtop 3 [−]

The main conclusion that can be drawn from these output results is regarding the feed mass flow rate.
Since the cyclic capacity of the stripping column equals 3.3 [mol CO2/kg TEPA], which combined
with the required CO2 production per day and composition of the rich feed loading, results in a feed
mass flow rate of 0.31 g/s into the stripping column. An overview of the stage specific conditions
inside the stripping column is presented in table 6.2.
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Table 6.2: Overview of the internal results of the proposed stripping column for the DAC system of ZEF where
N is 5 and R equals 0.55.

internal result Value Units

Stage 1
T 106.2 [°C]
L 6.3 [mol/kg]
wH2O 33.7 [wt%]
PCO2 250 [mbar]
PH2O 750 [mbar]

Stage 2
T 107.6 [°C]
L 5.9 [mol/kg]
wH2O 34.2 [wt%]
PCO2 204 [mbar]
PH2O 796 [mbar]

Stage 3
T 108.6 [°C]
L 5.4 [mol/kg]
wH2O 34.7 [wt%]
PCO2 167 [mbar]
PH2O 833 [mbar]

Stage 4
T 109.5 [°C]
L 5.0 [mol/kg]
wH2O 35.1 [wt%]
PCO2 134 [mbar]
PH2O 866 [mbar]

Stage 5
T 120 [°C]
L 3.6 [mol/kg]
wH2O 23.8 [wt%]
PCO2 101 [mbar]
PH2O 899 [mbar]

It is clear from table 6.2 that there is no absorption of CO2 taking place inside the stripping column.
Also, desorption of H2O only happens in the reboiler stage. All the upper stages have a higher wH2O

than is present in the feed mixture.

As mentioned in the assumptions, a hold up time of 600 s is required per stage to reach equilibrium.
Together with the ṁfeed, the hold up volume per stage can be calculated according to equation 6.1.

Vhold =
tholdṁfeed

ρ
= 187ml (6.1)

Where Vhold is the hold up volume, thold is the hold up time and ρ is the density of the solvent mixture.
When one assumes the weir height and the reboiler outlet height of 0.01 m, the required radius
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of each stage is 7.7 cm. The estimation of the hold up volume is an optimistic one, since the hold
up time is found for a rich feed loading of 4 [mol CO2/kg TEPA]. A higher rich feed loading will
require a larger hold up time to reach equilibrium. Moreover, the hold up time was found at 115 °C,
where the stages above the reboiler are all cooler. The diffusion and reaction rate both go up with an
increasing temperature. As a consequence, the hold up time that is required for the upper stages to
reach equilibrium is probably larger than assumed. On the other hand, the hold up time for the reboiler
stage is smaller than assumed. To improve the design in terms of hold up volume, more experimental
data on hold up time is required. This is proposed in chapter 7.

The hold up volume of gas per stage is assumed to be at least 10x of the liquid hold up volume. This
would mean that when the liquid is boiling heavily it does not overflow into the upper stage, which
would disturb equilibrium in the system. More research is required to find the optimum gas hold up
volume per stage. The final design of the stripping column for ZEF’s DAC system is presented in figure
6.6. Figure 6.7 shows a section view of the stripping column including general dimensions. Each stage
contains 3 bubble caps, an outlet weir, a temperature sensor port and a sampling port. The number of
bubble caps is the same as in the experimental setup as no research on the optimum number of bubble
caps is performed. The stripper design does not contain the top condenser and flash tank. These will
be discussed in section 6.4.
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Figure 6.6: New design of the stripping column for ZEF’s DAC system.
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Figure 6.7: Section view of the stripping column including general dimensions.
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6.4 DAC System Design for ZEF

This section combines the stripping column presented above with the absorption column to give an
estimate of the total energy demand of ZEF’s DAC system. In this work, no research or experiments
have been done regarding the absorption column, which is therefore modelled as a black box. Only in
and out stream concentrations are defined and some operating conditions are assumed:

• Viscosity of the solvent mixture is depending on the CO2 loading, H2O concentration and
temperature [11]. A relation between these three parameters is presented by Sinha et al. [11]
and will be used to calculate the viscosity of the solvent mixture.

• The pumping mass flow rate inside the absorption column is assumed to be 100 times
larger than the ṁout of the stripping column [13]. This leads to a mass flow rate of 2.7
·10−3m3/s produced by the gear pump.

• The energy demand of the gear pump is defined by the mass flow rate and viscosity of the
solvent mixture in combination with the diameter of the pipe [13]. Based on figure 6.8 and a
pipe diameter of 1 cm, an energy demand of 363 kWh/ton CO2 was found.

• The temperature and pressure of the flash tank are chosen to be 40 °C and 1000 mbar
respectively.

• The top condenser is assumed to be naturally cooled, in contrary to the experiments
where a fan was used [5]. This means that the duty of the top condenser does not add up to
the total energy demand of the DAC system. Nevertheless, the duty of the top condenser was
found to be 93.4 W [5].

• As stated before, the absorption column is assumed to operate at Tabs equals 30 °C. For
this reason, the temperature of the streams between the absorption column and heat
exchanger are also assumed to be 30 °C.

• The air mass flow rate is left outside the scope of this analysis. It is assumed that enough
air is sucked through the absorption column to facilitate the high rich loading required for the
stripping column. The fan that is used to blow the air through the absorption column is
assumed to have a rated power of 20 W and is continuously operating at full power [13].

An overview of the total DAC system is presented in figure 6.8. The volume of the absorption column
is typically 10 times larger than the stripping column [13].
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Figure 6.8: Process flow diagram of ZEF’s DAC system.

Figure 6.8 shows that an heat exchanger is implemented to transfer the heat from the lean sorbent
mixture leaving the stripping column to the rich sorbent mixture entering the stripping column. A sump
basket is used to collect the rich sorbent mixture from the absorption column. From this basket, a gear
pump pumps most of the sorbent mixture back to the top of the absorption column. The corresponding
µ for the sorbent mixture pumped through the absorption column is estimated according to the viscosity
relation described above. Moreover, a small part is pumped from the sump basket to the top stage of
the stripping column. The mass flow rate is regulated by a needle valve.

Regarding the energy demand of the complete DAC system, an energy balance is established based
on the energy demand of the reboiler in the stripping column, fan and pump in the absorption column,
equation 6.2. The energy demand of the top condenser is left outside the total energy demand of the
DAC system as mentioned in the assumptions.

Etot = Ereboiler + Efan + Epump (6.2)

An overview of the energy demand per component is presented in table 6.3.
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Table 6.3: Overview of the DAC energy demand per component according to figure 6.8.

Number Name Value Units
1 Efan 194 [kWh/ton CO2]
2 Epump 363 [kWh/ton CO2]
3 Ereboiler 1762 [kWh/ton CO2]
4 Econdenser 906 [kWh/ton CO2]

The duty of the top condenser is relatively high. This could mean that assuming the condenser to
cool naturally is a somewhat optimistic assumption. More research on the top condenser during these
operating conditions is required. For the heat exchanger, to operate within the assumed temperatures,
mass flow rates and concentrations, an efficiency can be found according to equation 6.3 and 6.4.

QHEX = (Cp,TEPAṁTEPA + Cp,H2OṁH2O,lean)(Treb − Tabs) (6.3)

η = (Tfeed − Tabs)
(Cp,TEPAṁTEPA + Cp,H2OṁH2O,rich)

QHEX
(6.4)

Where, QHEX is the heat released by the lean solvent, ṁTEPA is the mass flow rate of TEPA through
the system, ṁH2O, lean is the mass flow rate of H2O in the lean solvent, ṁH2O, rich is the mass flow
rate of H2O in the rich solvent, Tabs is the temperature of the solvent inside the absorption column and
η is the heat exchanger efficiency. A required heat exchanger efficiency of 0.76 was found. Note
that the mass flow of TEPA in and out of the stripping column is equal, which is due to the assumption
that TEPA does not leave the system as a vapor. The equations used to determine Tfeed,max are very
simplified and give therefore an indication of the required heat exchanger efficiency. More research on
the heat exchanger is necessary to provide for more in depth conclusions regarding the heat exchanger.

To conclude, a comparison of the total energy demand of ZEF’s DAC system can be made with the
DAC companies introduced in chapter 2. This is presented in table 6.4.

Table 6.4: Comparison of ZEF’s DAC energy demand to the companies introduced in chapter 2.

Company Electrical energy Heat Units
ZEF 2319 - [kWh/ton CO2]
Climeworks 200 - 300 1500 - 2000 [kWh/ton CO2]
Carbon Engineering 366 1460 [kWh/ton CO2]
Global Thermostat 150 - 160 1190 - 1400 [kWh/ton CO2]

It can be concluded from table 6.4 that the energy demand of ZEF’s DAC system is relatively
close to DAC companies introduced in chapter 2. Especially, since optimizations of the DAC sys-
tem can reduce the energy demand even further, competing with these companies can be seen as a
realistic goal.
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Chapter 7

Conclusions and Recommendations
7.1 Conclusions

What are the main parameters influencing the stripper and how do they do so?
The following conclusions can be drawn regarding the performance of the stripping column at VLE
equilibrium.

• For an increasing rich loading, the lean loading will increase and finally find a maximum. The
cyclic capacity increases first exponentially but changes to a linear increase when the lean load-
ing has found its maximum. The vapor top ratio is reducing as well.

• An increase of the H2O mass fraction in the feed leads to a lower lean loading, and thus a
larger cyclic capacity. Furthermore, the vapor top ratio rises.

• When rising the absolute pressure, the maximum reboiler temperature rises too. This results in
a drop in lean loading and therefore a rise in cyclic capacity. The vapor top ratio reduces when
increasing the absolute pressure.

• When one expands the number of stages, the lean loading reduces where consequently the
cyclic capacity enlarges. Also, the vapor top ratio drops.

• A rise in reflux ratio introduces a decrease in lean loading so an increase in cyclic capacity. The
vapor top ratio goes up as a consequence.

• An increase in the feed temperature and feed mass flow rate does not affect the performance
of the stripping column. However, when continuously increasing the feed temperature, the feed
mixture will start to desorb before it enters the stripper which results in a lower cyclic capacity.

Which role plays kinetics during desorption inside the stripper?
It was found that a typical hold up time for the performed experiments to achieve equilibrium equals 600
s. Furthermore, the Damköhler number for these experiments is around 11.1 where it was found that
industrial applications are within the range of 10 - 35. This means that the performed experiments are
diffusion limited. Moreover, the effect of both diffusion length and viscosity on the Damköhler number
was significant, which could be used to optimize the desorption process.

How can the energy demand of the stripper be minimized? What factors influence it? The
following conclusions can be drawn regarding the energy demand of the stripping column at VLE
equilibrium.

• The energy demand of the stripping column decreases for an increase in rich loading.

• An increase of the H2O mass fraction in the feed will find a minimum in the energy demand of
the stripping column.

• The energy demand of the stripping column reduces when rising the absolute pressure.

• When increasing the number of stages, the energy demand of the stripping column drops.
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• The energy demand of the stripping column increases when one increases the reflux ratio.

• An increase in the feed temperature induces the energy demand of the stripper to drop.

• Varying the feed mass flow rate does not affect the energy demand of the stripping column.

Which stripper design meets ZEF’s requirements best?
A 5 stage stripping column was designed to fulfill ZEF’s operating conditions. It operates with a reboiler
temperature of 120 °C, absolute pressure of 1000mbar and reflux ratio of 0.55. The feed is preheated
up to 105 °C, contains 30 wt% H2O, is loaded with 6.9 mol CO2/kg TEPA and has a mass flow
rate of 0.31 g/s. Each stage has an hold up volume of 187 ml. A vapor top ratio of 3.0 and a cyclic
capacity of 3.3molCO2/kgTEPA are achieved, resulting in an energy demand of 279 kJ/molCO2

which equals 1762 kWh/ton CO2.

7.2 Research Recommendations

Based on this work, different topics for further research are distinguished:

• It is recommended to perform experiments with controlled reflux to validate the reflux in
the stripping model. For now, only experiments with zero and total reflux could be quantified
and used to validate the model as no measuring technique for the reflux was present.

• Transient behaviour of the stripping column requires more investigation. As the stripping
column only operates 8 hours per day, insights in the start up and shut down procedure of
the stripper are necessary. This means that experiments should be designed that target these
procedures to gain understanding and facilitate optimization of the operational conditions of the
stripping column.

• More research on the Damköhler number is required to understand the limitations of
the desorption process inside the proposed stripping column design. The calculated
Damköhler number in chapter 5 is based on assumptions that can not be validated. To present
a quantitative conclusion regarding the Damköhler number, more experiments should be per-
formed. Nonetheless, suggestions can be given in order to optimize the process for each type
of limitation. If the Damköhler number is larger than 1, diffusion limited, one might reduce the
viscosity of the solvent mixture. Moreover, reducing the diffusion length increases the diffusion
term. This can be achieved by reducing the height of the weir outlet or reboiler outlet. Fur-
thermore, increasing the temperature enhances mixing and the formation of bubbles which both
results in a decrease in diffusion length. When the Damköhler number is smaller than 1, reaction
kinetics limited, the addition of a catalyst can be considered. In a study performed by Zhang et
al. [91], it was shown that adding a catalyst to a CO2 loaded aqueous amine solution enhances
reaction kinetics in the desorption process.

• More research is required to reduce the viscosity of the sorbent mixture. As concluded in
chapter 5, reducing the viscosity of the sorbent mixture boosts the diffusion rate during desorp-
tion in the stripping column. Consequently, the Damköhler shifts towards 1 which means that the
desorption process is becoming less limited by diffusion. Moreover, it was found that the viscos-
ity has a large effect on the energy demand of the gear pump [13]. This is visually presented in
figure 7.1 for the viscosity and mass flow rate found in chapter 6.
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Figure 7.1: Correlation between the power of the gear pump in the absorber, viscosity and diameter of the pipe
[13].

Reducing the viscosity of the sorbent mixture can be achieved by choosing another sorbent with
a lower viscosity or adding a dilute to the existing ternary TEPA-H2O-CO2 mixture.

• The effect of dilutes on the performance of the stripping column should be investigated.
Since dilutes could potentially reduce the viscosity of the sorbent mixture, it is of interest to
understand the effect of dilutes on the performance of the stripping column. During this research,
an experiment with 15wt% PEG-200 as dilute was performed. The outcome of the experiment is
compared to the stripping model where only TEPA is considered for similar operating conditions
and presented in table 7.1.

Table 7.1: Effect of PEG-200 on the desorption process inside the stripping column.

PEG-200 exp. TEPA model Units
Treb 120.9 120.9 [°C]
Pabs 950 950 [mbar]
wH2O,feed 29.1 29.1 [wt%]
Lrich 2.8 2.8 [mol CO2/kg TEPA]
wH2O,lean 22.9 23 [wt%]
Llean 1.39 2.46 [mol CO2/kg TEPA]
CC 1.41 0.34 [mol CO2/kg TEPA]

It was found that adding PEG-200 as dilute has a positive effect on the net cyclic capacity.
However, a VLE of the quaternary TEPA-PEG-200-H2O-CO2 mixture is required to explain the
larger net cyclic capacity.

• Investigate the effect of degradation on different sorbents and sorbent-dilute combina-
tions. The sensitivity analysis presented in chapter 5 concluded that higher reboiler tempera-
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tures would lead to a larger cyclic capacity and therefore a lower energy demand of the stripping
column. Since TEPA is starting to degrade around 120 °C, it might be interesting to perform
research on sorbents or sorbent-dilute combinations that can go to higher temperatures.

• In chapter 4, it was concluded that the heat loss during the experiments were significant. For
this reason, it is recommended to investigate the heating process of the sorbent mix-
ture inside the reboiler stage. For example, immersion heaters might have a higher heating
efficiency which means lesser heat losses.

7.3 Stripping Model Recommendations

A number of recommendations for the stripping model are listed underneath:

• Include the evaporation of TEPA during the desorption process. A very small amount of
TEPA evaporates during the desorption process inside the stripping column. In the stripping
model, this amount is assumed to be negligible. To prevent evaporated TEPA from leaving the
system in the top product streams, one can include a water wash stage in the model. Ideally, a
water wash stage is implemented in the top of the stripping column to purify the product streams.

• Integrate the VLE and vapor curve that describe the ternary TEPA-H2O-CO2 mixture. The
stripping model is build on two correlations that describe the partial pressure of H2O and CO2

separately. These are then combined to predict the total pressure of the H2O-CO2 system. Inte-
grating these correlations would decrease the error of the stripping model as the VLE becomes
a better representation of the ternary mixture. For instance, the effect of CO2 absorption on the
phase behaviour of H2O would be taken into account as it is now neglected [12]. The data to
create a certain ternary mixture VLE model could be generated by a VLE setup including a gas
phase sensor that measures simultaneously the amount of H2O and CO2 in the vapor phase.

• The temperature and concentration dependency of the specific heat and heat of desorp-
tion are currently assumed to have a minor effect in the stripping model. Nonetheless,
adding these relations would provide for a more realistic and complete stripping model.

• Adjust the stripping model so that it can predict the performance of the stripper while
using different sorbents. This means that the VLE and vapor curve input should be flexible.
That is, the VLE and vapor curve of a sorbent, in combination with H2O and CO2, can be inserted
into the stripping model as input.

• Connect the stripping model to the absorption column model proposed by De Matteis et
al. [13], to facilitate the performance prediction of the complete DAC system for specific
operating conditions and for different sorbents.

7.4 DAC Design Recommendations

Based on the findings in chapter 6, multiple recommendations can be formulated regarding the DAC
system of ZEF:

• A more detailed design of the stripping column is required. Based on a more in depth hold
up time analysis, the specific hold up volume per stage can be estimated. The dimensions of
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each stage should then be based on the Damköhler number and corresponding diffusion length
that is required to optimize the desorption process.

• The efficiency of the heat exchanger was found to be 76 %, however this number is based on rel-
atively simple calculations. It is recommended to do more research on the heat exchanger.
This includes the type of heat exchanger, required efficiency for specific operating conditions
and the feasibility of the DAC operating assumptions proposed in chapter 6.

• A more in depth analysis on the cooling duty of the top condenser is required. It was
found that the cooling duty of the top condenser is relatively large. To facilitate the condenser
to cool naturally, more research must be done on the condenser. This could be done in terms
of condenser length, type of fins and optimal Tflash related to the cooling duty and purity of the
CO2 product stream.

• Understand the effects of relative humidity and temperature on the performance of the
complete DAC system. Relative humidity and temperature play an important role in the ab-
sorption process of H2O and CO2 [13]. This means that different locations might require differ-
ent DAC configurations to operate in a cost efficient manner. Further research on this subject is
recommended.
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Appendix A

Vapor Liquid Equilibrium and Vapor Curve
A.1 Vapor-Liquid Equilibrium

When component i exists in a mixture, the thermodynamic equilibrium condition, also called iso-
fugacity condition, is defined as:

fVi = fLi (A.1)

where fi = fugacity, V = vapor and L = liquid [72]. These fugacities are to be related to the corre-
sponding mixture compositions. In the vapor phase, the fugacity coefficient for a component i is given
by:

φVi =
fVi
yiP

=
fVi
pi

(A.2)

where φi = fugacity coefficient, yi = vapor phase mole fraction and pi = partial pressure. The fugacity
coefficient is by definition normalized and can therefore be interpreted as a measure of deviation from
the ideal gas behaviour, for ideal gases φVi = 1 [72]. For components in the liquid phase, the fugacity
coefficient can be calculated via the activity coefficient approach. The activity coefficient relates the
fugacity of component i to the its mole fraction in the liquid phase:

γi =
ai
xi

=
fi
xif0i

(A.3)

where γi = activity coefficient, ai = activity of component i, xi = liquid phase mole fraction and f0i
= standard-state fugacity, which corresponds to the fugacity of component i at the temperature and
pressure of the system, chosen purely for convenience [72]. The fugacity of pure liquid i at temperature
T and pressure P can be calculated via:

f0i (T, P, xi = 1) = Pvpi(T )φsi (T )exp
∫ P

Pvpi

V L
i (T, P )

RT
dP (A.4)

where Pvpi is the saturation vapor pressure and φsi is the fugacity coefficient of the pure component i.
The exponential term, which is called the Poynting factor, can be usually neglected since the liquid is
close to incompressible [72]. To arrive at the VLE relation for each component, the above mentioned
formulas are put together into the iso-fugacity condition. This results in:

yiP = γixiPvpi
φsi
φi

exp
∫ P

Pvpi

V L
i dP

RT
= γixiPvpiF (A.5)

The correction factor F is for low and moderate pressures often near unity. This simplification is called
the modified Raoult’s law:

yiP = γixiPvpi (A.6)

If next to the correction factor F , the activity coefficient γi is also set to unity, equation A.6 reduces to
Raoult’s law:

yiP = xiPvpi (A.7)

This is justified since, unless the pressure is large, the effect of pressure on γi is normally small [72].
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A.2 Vapor Curve

Dowling et al. performed experiments to measure the equilibrium of a binary TEPA-H2O mixture for
different concentrations and temperatures. The chosen concentrations and temperatures are shown in
table A.1.

Table A.1: Investigated concentrations and temperatures for vapor curve measurements [12].

Concentration Temperature

wt% TEPA K

30 298.15 - 393.15
70 298.15 - 393.15
80 298.15 - 393.15

According to the experimental data, a binary model was created based on the modified Raoult’s law,
Clausius-Clapeyron equation and Wilson’s equation. The modified Raoult’s law is used to account for
liquid phase non-idealities where the regular Raoult’s law would not hold [72].

yiPtot = xiγiP
sat
i (A.8)

Then, the Clausius-Clapeyron equation is used to calculate the pure component vapor pressure. For
this, one needs the heat of vaporization and a known vapor pressure (Pref) at a known temperature
(Tref). For convenience, the reference temperature is set as TEPA’s boiling point such that the vapor
pressure equals atmospheric pressure [72].

ln

(
P sat

TEPA(T )

Pref

)
=

∆Hvap

R

(
1

T
− 1

Tref

)
(A.9)

The required heat of vaporization and boiling point are taken from the National Institute of Standards
and Technology and are respectively 71.3 Kj/mole and 613.15 K [15]. The Wilson’s equation is used to
calculate the activity coefficients.

lnγ1 = −ln(x1 + Λ12x2) + x2

[
Λ12

x1 + Λ12x2
− Λ21

x2 + Λ21x1

]
(A.10)

lnγ2 = −ln(x2 + Λ21x1)− x1
[

Λ12

x1 + Λ12x2
− Λ21

x2 + Λ21x1

]
(A.11)

where Λ12 and Λ21 are the Wilson parameters, which are defined as:

Λ12 =
vL2
vL1
e−(λ12−λ11)/RT (A.12)

Λ21 =
vL2
vL1
e−(λ12−λ22)/RT (A.13)

where λ12 is the interaction energy between molecules of H2O and TEPA, λ11 of 2 molecules of H2O
an λ22 of 2 molecules of TEPA. vL1 and vL2 are the molar liquid volumes of pure H2O and TEPA,
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respectively [72]. Table A.2 shows the fitted parameters for the Wilson equation to predict the VLE
behaviour of the binary mixture of TEPA and H2O.

Table A.2: Fitted parameters for the Wilson equation to describe the VLE of the binary mixture of TEPA and H2O
[12].

Fitted parameter Value Units

(λ12 − λ11) -156.03 J/mol
(λ12 − λ22) 220.94 J/mol

The outcomes of the Clausius-Clapeyron and Wilson’s equation are inserted into the modified Raoult’s
law to calculate the total pressure neglecting vapor phase non-idealities.

Ptot(T, x) = x1γ1P
sat
1 (T ) + x2γ2P

sat
2 (T ) (A.14)

Finally, the experimental data from the vapor curve experiments are used to fit the Wilson parameters.
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Appendix B

Experimental Setup Design

B.1 Detailed description of experimental setup design

The components of the experimental stripping setup used in this thesis are presented in detail in this
appendix chapter. Figure B.1 shows a complete overview of the experimental setup used for zero
reflux experiments. The main parts are emphasized in the figure. The experimental setup is split
into the following segments: stripping column, flash tank with reflux and mass flow meter. For each
segment, the assembly of all the parts is visualized and briefly elaborated on.

Figure B.1: Assembly of the complete stripping setup for zero reflux experiments.
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B.1.1 Stripping column

The stripping column consists of a various number of stages and a reboiler, figure B.2. The feed
mixture inlet is situated in the top stage and gear pump U pumps the feed mixture in the column. A
check valve makes sure that no vapor escapes through the feed hose and a NTC sensor measures
the feed temperature. The lean solvent mixture leaves the stripping column via the reboiler and passes
the bottom cooler where it is passively cooled. The outflow of the lean solvent is controlled by gear
pump W which is connected to a check valve. The lean solvent is finally collected in a tank. The vapor
product leaves the stripper at the top of the stage where it passes the top cooler which actively cools
the top product. The reboiler is in contact with the lab heater which provides the heat that is required
for the system to operate. The complete stripping column is insulated with 2 cm glass wool and a thin
aluminum sheet as shown in figure B.1.

Figure B.2: Stripper column design including six stages and a reboiler [5].
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Each stage, figure B.3.a, is equipped with a sample port from where liquid and vapor samples are taken
with a syringe. The temperature sensor port holds inside a NTC sensor to measure the temperature
of the liquid mixture. Inside the stage, a outlet weir enables the liquid mixture to flow to the stage
underneath. Three bubble caps facilitate vapor from the underlying stage to bubble through the liquid
mixture. The hold up volume of the stage is 30.4 ml, the outlet weir starts to overflow when a surplus
of liquid mixture is present. The reboiler, figure B.3.b, is just like the stages equipped with a sample
and temperature sensor port. The lean solvent mixture leaves the reboiler via the outlet port which is
placed 10 mm above the flat bottom surface. For a multiple-stage setup, the reboiler has a radius of
36.3 mm, which equals a hold up volume of 49.4 ml. For a single-stage setup, the radius is 48.5 mm
which is equivalent to a hold up volume of 78 ml.

(a) (b)

Figure B.3: Design of the stripping column components with (a) design of a general stage inside the column and
(b) design of the reboiler stage at the bottom of the column [5].
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B.1.2 Flash tank with reflux

The flash tank, figure B.4, is a vertically oriented tank where the top product arrives and the vapor
and liquid are separated. The flash tank holds a pressure sensor which measures the pressure of the
complete system. The vapor leaves the flash tank at the top whereas the liquid remains in the tank and
is partially fed back into the top of the column by gear pump R.

Figure B.4: Flash tank with reflux design [5].
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B.1.3 Mass flow meter

The vapor from the flash tank is sucked by vacuum pump V into the mass flow meter, figure B.5. The
mass flow meter is a horizontally oriented tank with a volume of 232.6 ml. It holds a pressure sensor
and a solenoid valve. The solenoid valve opens when the pressure inside the meter exceeds 1.5 bars
so that the surplus of vapor escapes from the system.

Figure B.5: Mass flow meter design [5].
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Appendix C

Experimental Data Analysis

C.1 Experimental data processing

The real time experimental data that is obtained via the Arduino is visualized and presented in figure
C.1 and C.2. Both figures represent a 2 stage experiment that started at t = 5670 sec. The fluctuations
of temperature and pressure are a good representation of all the experiments performed in this work.

Figure C.1: Stage temperatures and absolute pressure during a general 2 stage experiment.
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Figure C.2: Puffs of CO2 per 600 s during a general 2 stage experiment. Each puff corresponds with a CO2

volume of 110 ml.
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Appendix D

Experimental Mass and Energy Balances

D.1 Experimental mass balance

D.1.1 Assumptions

For the mass balance given in chapter 4.2.6 a number of assumptions must be taken into account:

• The density of TEPA is not depending on loading of CO2 and H2O or temperature. In fact, the
density of TEPA is assumed to be constant throughout the performed experiments.

• The amount of TEPA that evaporates during an experiment is negligible. This is build on the
high boiling temperature of TEPA and the relatively low operating temperature of the stripping
column.

• H2O from the flash tank collected in the flask is pure H2O. This has been analysed for the first
experiments and would give a constant result of pure H2O.

• The liquid in the stages and reboiler is well mixed and therefore a homogeneous liquid. This
makes sure that the collected liquid samples are an accurate representation of the liquid com-
positions inside the stripper.

D.1.2 COCO model

A COCO model was made to validate the vapor sample analysis of the CO2 vapor product stream by the
GC. The model is visually presented in figure D.1. The vapor product stream arrives at the top cooler
where it is partially condensed. When arriving in the flash tank, the vapor and liquid are separated.
The vapor leaves the flash tank at the top. The liquid leaves the flash tank at the bottom for storage
or reflux. The experimental conditions can be simulated in the model to estimate the concentrations of
CO2 and H2O in the vapor stream leaving the flash tank.

Figure D.1: COCO model to predict the concentrations of CO2 and H2O in the CO2 vapor product stream.
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D.2 Experimental energy balance

D.2.1 Assumptions

For the energy balance shown in chapter 4.2.6, one must take the following assumptions into account:

• There is no heat loss between the liquid and vapor inside the single stage. This results in an
equal temperature of the liquid and vapor present inside the single stage.

• All heat from the lab heater travels through the bottom of single stage into the system; no heat
loss from the lab heater through glass wool insulation. Since the glass wool covers the remaining
surface area of the lab heater, there is no direct contact with ambient air. Also, the low thermal
conductivity of glass wool compared to stainless steel substantiate the assumption.

• The walls and lit of single stage are in contact with the vapor inside the system. There is no
liquid-stainless steel interface through which heat travels to the ambient environment.

• The walls and lit of the single stage have equal thickness and are completely smooth.

• Specific heat capacity of the liquid mixture is an average based on the mass fractions of the
present components in the rich feed. The specific heat capacity is taken constant throughout an
experiment.

D.2.2 Energy balance components

Figure D.2 shows a schematic of the heat transport through the single stage stripping column. Also,
the relevant dimensions are presented to calculate the heat losses, equation D.4 and D.5. Each energy
balance component is presented in the following section and the corresponding equations are given.

Figure D.2: Energy balance schematic for the experimental setup with dimensions.
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Sensible heat

Equation D.1 describes the energy demand due to sensible heat:

Qsens = ṁCpavg(Tin − Tamb) (D.1)

Where: ṁ = feed mass flow, Cpavg = average specific heat capacity of the liquid mixture based on
mass fractions of the components, Tin = temperature of the liquid and vapor inside the system and
Tamb = ambient temperature.

Heat of desorption CO2

Equation D.2 describes the energy demand due to desorption of CO2:

Qdes =
mCO2HCO2 · 1000

MCO2t
(D.2)

Where: mCO2 = total produced CO2, MCO2 = molar mass of CO2, HCO2 = heat of desorption of CO2

and t = duration of the experiment.

Heat of vaporization H2O

The energy demand based on the heat of vaporization of H2O is estimated by combining the amount
of liquid H2O in the flash tank and the concentration of H2O vapor in the CO2 vapor product stream.
Equation D.3 describes the energy demand due to vaporization of H2O:

Qvap =
mH2OHH2O · 1000

MH2Ot
(D.3)

Where: mH2O = total produced H2O, MH2O = molar mass of H2O and HH2O = heat of vaporization of
H2O.

Heat loss single stage

As figure D.2 shows, the heat transfer from the single stage to the environment occurs in a horizontal
and vertical direction. The heat losses are estimated for both directions according to the following
equations:

Qloss,hor =
Tin − Tamb

1
2πLssr1,ihi

+
log

r1,o
r1,i

2πkssLss
+

log
r2,o
r2,i

2πkgwLgw
+ 1

2πLgwr2,oho

(D.4)

Qloss,ver =
Tin − Tamb

1
hiπr21,i

+
r1,o−r1,i
kssπr21,i

+
r2,o−r2,i
kgwπr21,i

+ 1
hoπr21,i

(D.5)

Qloss,stage = Qloss,hor +Qloss,ver (D.6)

Where: kss = thermal conductivity of stainless steel, kgw = thermal conductivity of glass wool, hi =
heat transfer coefficient inside single stage and ho = heat transfer coefficient outside single stage.
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Heat loss lab heater

The lab heater works by means of pulsing heat through the top plate. This results in a fluctuating heat-
ing temperature which makes it impossible to calculate the heat loss from the lab heater individually.
For this reason, the energy balance, equation 4.7, is used to calculate the heat loss from the lab heater
to the liquid mixture inside the stage:

Qloss,heater = Qexp −Qsens −Qdes −Qvap −Qloss,stage (D.7)

It was found and discussed in chapter 4 that calculating the energy loss from the heater to the liquid in
this way could not be validated. Therefore, the calculated Qloss,heater is not considered in this work.
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