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“One of these days, thought Winston with sudden deep conviction,
Syme will be vaporized. He is too intelligent. He sees too clearly
and speaks too plainly. The Party does not like such people.”

- George Orwell, 1984
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SUMMARY
With increasing climatic changes due to greenhouse gas accumulation, there is
an urgent need for sustainability improvements across many sectors of society, in-
cluding chemicals manufacturing. One ubiquitous chemical feedstock in need of a
cleaner production method is hydrogen (H2), commonly produced by the environ-
mentally unfriendly steam-methane reforming reaction. The production of H2 could
be made far more sustainable by instead using alkaline water electrolysis powered
by renewable energy, but the process economics are unfavorable, with so-called
“green” hydrogen from water electrolysis costing much more than less sustainable
“gray” hydrogen. The majority of the costs of green hydrogen arise from the bal-
ance of plant surrounding the electrolyzer, and recent research has made only in-
cremental progress in improving the efficiency of either the balance of plant or the
electrolyzer itself. Driving down the cost of green hydrogen will require a more in-
novative approach. Electrolysis splits water into high-value H2 but also low-value
oxygen (O2). A creative approach to lowering costs would be to replace the anodic
reaction producing low-value O2 with a reaction to produce high-value hydrogen
peroxide (H2O2). The H2O2 could then be separated and sold, offsetting the higher
cost of the green hydrogen produced at the cathode. This method of paired electro-
lysis to simultaneously produce H2 and H2O2 has been the subject of much study
with respect to its electrochemistry, but very little with regards to the electrochemical
engineering. If we are to scale this reaction and offset the cost of green hydrogen
by co-production of a valuable side product, we also need to understand the elec-
trochemical engineering of the reaction, from the scale of operational devices to the
complete process plant.
This dissertation begins by addressing the frequently overlooked problem of an-

odic species depletion when using (bi)carbonate electrolyte. Because H2O2 ap-
pears to have higher production rates and to be more stable in (bi)carbonate solu-
tions rather than 30 wt% KOH solutions, most studies in literature use (bi)carbonate-
based electrolytes. But due to the lower conductivity of (bi)carbonate electrolyte, the
hydroxide (OH–) anion flux from cathode to anode is too low, and this leads to dra-
matic changes in pH and conductivity across the separator as electrolysis continues.
At lab-scale, this issue is sometimes side-stepped by flowing fresh electrolyte past
the anode, or is delayed by simply using a large excess of anolyte volume. But in-
dustrial processes typically run with recirculating flows and using too much anolyte
volume dilutes the produced H2O2. Therefore, we examined ion transport and elec-
trolyte depletion in (bi)carbonate electrolytes through experiments and simulations
in an industrially relevant case. We found that the transport rate of OH– anions
through the separator is severely limiting, leading to the carbonate equilibrium shift-
ing in the anolyte to provide OH– reactant. The first equilibrium shift from carbonate

ix
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to bicarbonate occurs readily, but the second shift from bicarbonate to carbon di-
oxide (CO2) is mediated by the physical gas stripping of dissolved CO2 by oxygen
bubbles generated at the anode. This “active” removal of CO2 is what allows the
system to continue depleting reactants. While the anolyte is depleting, the current
through the system is steadily dropping, lowering the yield of both H2 and H2O2.
Before the anolyte was fully depleted and a limiting current value was reached, the
experiments were stopped due to electro-osmotic flow causing a significant loss
of anolyte volume. The changing pH levels, changing conductivities, and changing
volumes would all significantly affect any scaled-up process and must be accounted
for.
Next, we show results of operating a setup with the specific focus of producing

H2O2 in an industrially relevant manner, meaning we used recirculating electrolyte,
high electrolyte flow rates, maintenance of anolyte pH, and the introduction of so-
dium silicate (Na2SiO3) as a chemical stabilizer for H2O2. The H2O2 concentra-
tion profiles over time begin by linearly increasing and then leveling off to a steady
state value, a result consistent with a stable generation process in competition with
concentration-dependent decomposition. An analytical model was formulated using
mole balances with descriptions of the three key reactions of H2O2 generation, H2O2
decomposition at the anode, and H2O2 decomposition in the bulk. Straightforward
experimentation was used to find the generation rate at different current densities
and the bulk decomposition rate constant in electrolyte. The final decomposition
rate constant was then fitted to experimental results using the derived analytical ex-
pressions. In our experimental setup, the anodic decomposition was always found
to be the dominant loss mechanism compared to bulk decomposition, and was also
shown to be a significant term in other works from literature. The analytical equa-
tions were then used to make predictions about scaling up such a system, which
show expected results, such as that a decrease in anolyte volume will lead to higher
H2O2 steady state concentrations achieved more quickly. But the analytical equa-
tions also showed a somewhat surprising result that using large volumes of anolyte,
despite the lower steady state concentrations reached at longer times, actually pro-
ducemoremoles of H2O2 overall. Thus, the final operational modewill be a trade-off
between desired concentration, overall production rates, the capital costs of larger
reservoirs, the operating costs of running electrolysis for a longer time, and all of
these eventual effects on downstream separation.
With a better understanding of how the electrolyzer works to produce anodic

H2O2, the separation and sale of H2O2 can be studied at the scale of a commer-
cial factory. As it is challenging to separate the electrolyte anions from the H2O2 in
solution, we designed a process to convert the anodic H2O2 to sodium percarbon-
ate (Na2CO3 ꞏ1.5H2O2). The process was then studied in detail through a techno-
economic evaluation. The process design involves first recirculating anolyte during
electrolysis to reach a sufficient concentration, then removing large quantities of
water, and finally exchanging most of the carbonate for chloride to crystallize out
sodium percarbonate. The remaining solution is then treated and recycled back to
the reservoir for further electrolysis. Techno-economic analysis revealed that the
process on a 2 MW electrolyzer basis is highly unprofitable, losing over 15 M€ per



xi

year. Single parameter sensitivity analyses revealed that faradaic efficiency, an-
ode cost, and sodium percarbonate sale price had a large impact on the breakeven
point that would allow the process to be profitable. In particular, favorable changes
in any two of the these three parameters were shown to dramatically improve the
process economics, and the work provides clear targets for anode material design,
such as anode cost and faradaic efficiency.
The combined body of work in this dissertation indicates both limitations and

considerations for scaling up the electrochemical reaction of water oxidation to
H2O2. While there may be promise, the electrochemical engineering of these sys-
tems will require more careful study and advancements in technologies to become
cost-competitive with traditional hydrogen and sodium percarbonate manufacturing
methods.





SAMENVATTING
Met de toenemende klimaatverandering als gevolg van de ophoping van broeikas-
gassen is er een dringende behoefte aan verbeteringen ten aanzien van duurza-
me ontwikkeling in veel sectoren van de samenleving, waaronder de chemische
industrie. Een alomtegenwoordige chemische grondstof die een schonere produc-
tiemethode nodig heeft, is waterstof (H2), dat doorgaans wordt geproduceerd via de
milieubelastende stoomreforming van methaan. De productie van H2 kan veel duur-
zamer worden door gebruik te maken van alkalische waterelektrolyse aangedreven
door hernieuwbare energie, maar de proceseconomie is ongunstig: zogenoemde
“groene” waterstof uit waterelektrolyse kost aanzienlijk meer dan de minder duurza-
me “grijze” waterstof. Het grootste deel van de kosten van groene waterstof komt
voort uit de totale procesinstallatie rond de elektrolyser, en recent onderzoek heeft
slechts incrementele vooruitgang geboekt in het verbeteren van de efficiëntie van
zowel de totale procesinstallatie als de elektrolyser zelf. Het verlagen van de kosten
van groene waterstof vereist een innovatievere aanpak. Elektrolyse splitst water in
hoogwaardig H2 maar ook in laagwaardig zuurstof (O2). Een creatieve manier om
de kosten te verlagen is het vervangen van de anodereactie, welke laagwaardig O2
produceert, door een reactie die hoogwaardig waterstofperoxide (H2O2) produceert.
De H2O2 kan vervolgens worden gescheiden en verkocht, waardoor de hogere kos-
ten van de groene waterstof, die aan de kathode wordt geproduceerd, kunnen wor-
den gecompenseerd. Deze methode van gekoppelde elektrolyse om gelijktijdig H2
en H2O2 te produceren is uitgebreid bestudeerd vanuit elektrochemisch perspec-
tief, maar nauwelijks vanuit de optiek van elektrochemische techniek. Als we deze
reactie willen opschalen en de kosten van groene waterstof willen compenseren
door coproductie van een waardevol bijproduct, moeten we ook de elektrochemi-
sche techniek van de reactie begrijpen, van het niveau van operationele apparaten
tot aan de volledige procesinstallatie.
Deze dissertatie begint met het aanpakken van het vaak over het hoofd geziene

probleem van anodische elektrolietuitputting bij gebruik van (bi)carbonaatelektroliet.
Omdat H2O2 hogere productiesnelheden lijkt te hebben en stabieler is in (bi)carbon-
aatoplossingen dan in dertig gewichtsprocent KOH-oplossingen, gebruiken de
meeste studies in de literatuur (bi)carbonaatgebaseerde elektrolieten. Maar door
de lagere geleidbaarheid van (bi)carbonaatelektroliet is de flux van hydroxide anio-
nen (OH–) van de kathode naar de anode te laag, wat leidt tot sterke veranderingen
in de pH en de geleidbaarheid over het diaphragma gedurende de elektrolyse. Op
labschaal wordt dit probleem soms omzeild door vers elektroliet langs de anode
te laten stromen, of wordt het uitgesteld door simpelweg een groot overschot aan
anolietvolume te gebruiken. Industriële processen werken echter doorgaans met
recirculerende stromen, en een te groot anolietvolume verdunt het geproduceerde

xiii
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H2O2. Daarom onderzochten wij het ionentransport en de uitputting van elektroliet
in (bi)carbonaatelektrolieten middels experimenten en simulaties in een industri-
eel relevante situatie. We ontdekten dat de transportsnelheid van OH– anionen
door het diaphragma sterk beperkend is, waardoor het carbonaatevenwicht in het
anoliet verschuift om OH– reactant te leveren. De eerste evenwichtsverschuiving
van carbonaat naar bicarbonaat verloopt gemakkelijk, maar de tweede verschui-
ving van bicarbonaat naar kooldioxide (CO2) wordt gefaciliteerd door het fysische
strippen van opgelost CO2 door zuurstofbellen die aan de anode worden gevormd.
Deze “actieve” verwijdering van CO2 maakt het mogelijk dat het systeem reac-
tanten blijft uitputten. Terwijl het anoliet uitgeput raakt, daalt de stroom door het
systeem gestaag, waardoor de opbrengst van zowel H2 als H2O2 afneemt. Voordat
het anoliet volledig was uitgeput en de limiterende stroomdichtheid werd bereikt,
werden de experimenten gestopt vanwege elektro osmotische stroming die leidde
tot een aanzienlijk volumeverlies van het anoliet. De veranderende pH waarden,
veranderende geleidbaarheden en veranderende volumes zouden allemaal een
grote invloed hebben op een opgeschaald proces en moeten worden meegenomen
in het ontwerp.
Vervolgens tonen we de resultaten van een opstelling die specifiek gericht is op

het produceren van H2O2 op een industrieel relevante manier, wat betekent dat we
recirculerend elektroliet gebruikten, hoge elektrolietdebieten, handhaving van de
anoliet pH en de toevoeging van natriumsilicaat (Na2SiO3) als chemische stabilisa-
tor voor H2O2. De H2O2 concentratieprofielen in de tijd beginnen lineair toe te ne-
men en vlakken vervolgens af tot een stationaire waarde, een resultaat dat consis-
tent is met een stabiel generatieproces in competitie met concentratie afhankelijke
ontleding. Een analytisch model werd opgesteld op basis van molbalansen met be-
schrijvingen van de drie belangrijkstereacties: H2O2 vorming, anodische ontleding
van H2O2 en bulkontleding van H2O2. Eenvoudige experimenten werden gebruikt
om de productiesnelheid bij verschillende stroomdichtheden en de snelheidscon-
stante van de bulkontleding in elektroliet te bepalen. De uiteindelijke snelheidscon-
stante van de ontleding werd vervolgens gefit aan experimentele resultaten met be-
hulp van de afgeleide analytische vergelijkingen. In onze experimentele opstelling
bleek de anodische ontleding altijd het dominante verliesmechanisme te zijn verge-
leken met bulkontleding, en dit werd ook bevestigd in andere literatuur. De analy-
tische vergelijkingen werden vervolgens gebruikt om voorspellingen te doen over
opschaling van een dergelijk systeem. Deze voorspellingen laten verwachte resul-
taten zien, zoals dat een afname van het anolietvolume leidt tot hogere stationaire
H2O2 concentraties die sneller worden bereikt. Maar de analytische vergelijkingen
lieten ook een enigszins verrassend resultaat zien: het gebruik van grote anoliet-
volumes produceert, ondanks lagere stationaire concentraties en langere procestij-
den, uiteindelijk méér mol H2O2 in totaal. De uiteindelijke operationele modus zal
dus een afweging zijn tussen gewenste concentratie, totale productiehoeveelheid,
kapitaalkosten van grotere reservoirs, operationele kosten van langere elektrolyse-
duur en de effecten hiervan op downstream scheiding.
Met een beter begrip van hoe de elektrolyser anodisch H2O2 produceert, kan de

scheiding en verkoop van H2O2 worden bestudeerd op de schaal van een com-
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merciële fabriek. Omdat het lastig is om elektrolietanionen te scheiden van H2O2
in oplossing, ontwierpen we een proces om het anodisch gevormde H2O2 om te
zetten in natriumpercarbonaat (Na2CO3 ꞏ1.5H2O2). Het proces werd vervolgens in
detail onderzocht middels een techno-economische evaluatie. Het procesontwerp
omvat eerst het recirculeren van anoliet tijdens elektrolyse tot een voldoende hoge
concentratie is bereikt, vervolgens het verwijderen van grote hoeveelheden water,
en ten slotte het uitwisselen van het grootste deel van het carbonaat voor chlo-
ride om natriumpercarbonaat te kristalliseren. De resterende oplossing wordt ver-
volgens behandeld en teruggevoerd naar het reservoir voor verdere elektrolyse.
Techno-economische analyse toonde aan dat het proces, gebaseerd op een 2 MW
elektrolyser, sterk verliesgevend is, met meer dan 15 miljoen euro verlies per jaar.
Gevoeligheidsanalyses met steeds één parameter lieten zien dat Faraday effici-
entie, anodekosten en de verkoopprijs van natriumpercarbonaat een grote invloed
hebben op het omslagpunt waarop het proces winstgevend zou kunnen worden.
Vooral gunstige veranderingen in twee van deze drie parameters bleken de pro-
ceseconomie drastisch te verbeteren, en het werk biedt duidelijke doelen voor het
ontwerp van anodematerialen, zoals anodekosten en Faraday efficiëntie.
Het geheel van dit onderzoek laat zowel beperkingen als aandachtspunten zien

voor het opschalen van de elektrochemische reactie van wateroxidatie tot H2O2.
Hoewel er potentie is, vereist de elektrochemische techniek van deze systemen
verdere zorgvuldige studie en technologische vooruitgang om kostentechnisch te
kunnen concurreren met traditionele methoden voor de productie van waterstof en
natriumpercarbonaat.
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ε0 Permittivity of free space (8.5×10-12 F m-1)
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g Acceleration of gravity (9.8 m s-2)

R Ideal gas constant (8.314 J mol-1 K-1)
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Sh Sherwood number (-)
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αa Anodic charge transfer coefficient (-)

αc Cathodic charge transfer coefficient (-)
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ζ Zeta potential (V)

η Overpotential (V)

μ Electrolyte viscosity (Pa s)

μ Electrical mobility of species  (m2 V-1 s-1)

ν Stoichiometric ratio of species  (-)

ξ Extent of reaction (-)

ρ Density (kg m-3)

φ Electrolyte potential (V)
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Italicized Variables and Parameters

AElec Geometric electrode area (m2)

ARes Reservoir-Atmosphere interface area (m2)

ASep Geometric separator area (m2)

g Surface area to volume ratio for gas (m-1)

c Concentration of species  in the separator (mol m-3)

D Molecular diffusivity of species  (m2 s-1)

DEff, Effective diffusion coefficient of species  (m2 s-1)

db Gas bubble diameter (m)

E Electrode potential (V vs SHE)

Eeq, ref Equilibrium reference potential (V vs SHE)

j Current density (A m-2)

j0 Exchange current density (A m-2)

k H2O2 anodic decomposition rate constant (m s-1)

kb H2O2 bulk disproportionation rate constant (s-1)

kk Forward reaction rate constant of reaction k (s-1)

k−k Forward reaction rate constant of reaction k (m3 s-1 mol-1)

k Mass transfer coefficient (m s-1)

LSep Separator length (m)

 Electrode chamber thickness (m)

y Electrode chamber width (m)

z Electrode chamber height (m)

M Electro-osmotic mobility (m2 V-1 s-1)

NB, Boundary flux of species  (mol m-2 s-1)

NC, Convective flux of species  (mol m-2 s-1)

ND, Diffusive flux of species  (mol m-2 s-1)

NM, Migratory flux of species  (mol m-2 s-1)

ṅ Molar rate (mol s-1)
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nRes, Amount of species  in the reservoir (mol)

Q̇ Volumetric flow rate (m3 s-1)

R Resistance (Ω)

r Reaction rate involving species  (mol m-3 s-1)

S H2O2 generation rate (mol s-1 m-2)

T Temperature (K)

t Time (s)

 Electro-osmotic velocity (m s-1)

V Volume (m3)
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FEH2O2 Faradaic Efficiency to H2O2 (%)
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Abbreviations and Initialisms

BDD Boron-Doped Diamond

CAPEX Capital Expenditure (€)

IRR Internal Rate of Return (%)

NPV Net Present Value (€)
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SPC Sodium Percarbonate (Na2CO3 ꞏ1.5H2O2)

TMC Total Manufacturing Costs (€)

WOR Water Oxidation Reaction





1
INTRODUCTION

1.1. MOTIVATION
1.1.1. THE NEED FOR SUSTAINABLE CHEMICALS PRODUCTION
The impact of climate change has been emphasized in recent years as rising sea
levels, more frequent severe storms, and increases in temperature have been re-
corded across the planet. [1] These climatic changes are driven in large part by
the accumulation of greenhouse gases such as carbon dioxide (CO2) in the atmo-
sphere. Over 50% of these greenhouse gas emissions are a result of electricity
generation, heat production, and industrial usage. [2] Within industrial usage, the
production of bulk materials such as steel, cement, and primary chemicals repres-
ents a significant portion of CO2 emissions, with the production of methanol and
ammonia alone accounting for 1.8% of global energy-related CO2 emissions. [3, 4]
These products require hydrogen gas (H2) as a feedstock. [5]
Unfortunately, the production of H2 is a major emitter of CO2, because the vast

majority of H2 is produced by the water-gas shift reaction in steam methane reform-
ing (SMR). This reaction uses natural gas and high temperature steam to produce
H2, with CO2 as a byproduct that is often not captured or stored. It therefore re-
quires direct use of fossil fuels and high energy input while simultaneously emitting
greenhouse gases. Of the nearly 100 Mt of H2 produced in 2024, 85% was pro-
duced from fossil fuels with no CO2 mitigation and another 15% was produced as
a byproduct from industrial processes. Less than 1% of H2 was produced from low-
emissions sources. [6] As a result, around 700 Mt of direct CO2 emissions in 2024
were a result of H2 production in industry, which is approximately equivalent to the
total greenhouse gas emissions of Mexico. [7] In order to combat climate change,
it is crucial that we find a sustainable alternative for this method of H2 production.

1.1.2. ALKALINE WATER ELECTROLYSIS FOR H2 PRODUCTION
A sustainable technology already exists to produce H2 with practically zero green-
house gas emissions. It is called water electrolysis, and involves using electrical
power from renewable sources to split water into H2 gas and oxygen (O2) gas, as

1
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depicted in Figure 1.1. When a potential difference is applied between the cath-
ode and anode, two simultaneous chemical reactions occur. If performed in an
alkaline medium, the first reaction is the reduction of water to H2 and hydroxide
(OH–) anions. These anions transport through an aqueous salt solution, called the
electrolyte, to the anode. At the anode, these OH– anions are oxidized to form O2,
releasing electrons to complete the circuit. When the electrolyte solution between
the cathode and anode is a high pH solution, the process is referred to as alkaline
water electrolysis.

Anode Cathode

e- →

Separator

Electrolyte Electrolyte

←  OH-

Figure 1.1: A simplified schematic of an alkaline water electrolyzer system. Elec-
trons are transferred at the cathode where water is reduced to H2
bubbles and OH– anions. These anions are transported from the cath-
ode to the anode, where they are oxidized to form O2 bubbles. The
electrons released in this reaction close the circuit. A separator mater-
ial is often used between the two compartments to allow OH– transport
but prevent the gases from mixing and forming an explosive mixture.

A porous separator or membrane is often placed between the electrodes to pre-
vent the mixing of H2 and O2 gas, which would otherwise lead to an explosion. The
most commonly used porous separator in alkaline water electrolysis is Zirfon Perl
UTP 500, which is a mixture of polysulfone and zirconia nanoparticles. Some ex-
amples of membranes include Nafion 117, Sustainion and Fumasep. These mem-
branes are typically polymeric backbones with ionic functional groups that repel ions
of the same charge as the functional group. For example, Nafion 117 has sulfonate
groups (SO –

3 ) which inhibit the transfer of anions across the membrane. Sustainion
and Fumasep have different positively charged functional groups which inhibit the
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transfer of cations across the membrane.
The technology of alkaline water electrolysis, which is the focus of this disserta-

tion, was already commercialized over a hundred years ago by companies such as
Norsk Hydro. [8] However, the cost of the H2 produced this way could not com-
pete with the (then) newly developed water-gas shift reaction, and so fell out of use.
With the focus on reducing greenhouse gas emissions in the chemical industry, al-
kaline water electrolysis powered by renewable energy to produce so-called “green
hydrogen” has regained significant interest.

1.1.3. LOWERING THE LEVELIZED COST OF H2
Despite growing interest in green hydrogen, it is still nowhere near cost-competitive
with the SMR process, with green hydrogen often selling for five to ten times the
price of so-called “gray hydrogen” from SMR. [9] The overall price of H2, when
accounting for the complete scope of production, is referred to as the levelized cost
of hydrogen. This is the minimum sale price of H2 that must be set in order to
recoup all capital expenses and operating costs. At the start of the decade, there
was a wave of funding announced to promote research with the aim of dramatically
lowering the levelized cost of green H2 to $1 or €1 per kg of H2. [10, 11] But after
some years of research into conventional alkaline water electrolysis using advanced
materials or novel device geometries to improve the efficiency of the process, that
progress has yielded only small improvements. It has even been shown that the
most significant portion of the cost of green H2 comes not from the electrolyzer itself,
but from the surrounding equipment of the entire chemical plant, meaning that there
are limits to how much the levelized cost of hydrogen can be reduced by improving
alkaline water electrolysis alone. [10] We need to think more creatively in order to
break past these limits.
Rather than attempting to lower the levelized cost of hydrogen of the existing pro-

cess, amore innovative approach is actually to examine the other product of alkaline
water electrolysis. The O2 that is produced at the anode is a very low value product,
and is often simply vented away as it is not worth capturing and selling. This anodic
reaction represents an opportunity for changing standard alkaline water electrolysis
into something potentially more economically viable. Replacing the O2 product with
something more valuable, then separating and selling that product, could be a path-
way to lowering the cost of green H2 from alkaline water electrolysis. This so-called
“paired electrolysis” principle has been gaining interest in recent years for precisely
this reason, that the electrolyzer could now form two valuable products instead of
only one. A promising option for valuable anodic products is hydrogen peroxide
(H2O2).

1.1.4. ANODICALLY PRODUCED H2O2
H2O2 is a highly valued commodity chemical for its use as a green oxidant, mean-
ing that it can oxidize a substance while leaving behind exclusively water as a
byproduct. H2O2 is already commonly used as an oxidant in industries such as
textile processing and paper milling. [12] Similarly to H2, the current industrially
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practiced method of H2O2 production by anthraquinone oxidation is environmentally
unfriendly. The catalytic process requires high energy inputs and a large amount of
chemical solvents. [13] These high energy inputs and the need for safe disposal of
organic solvents contribute to greenhouse gas emissions. As such, the production
of H2O2 is also in need of a green production method. We can achieve the aims of
cleaner chemical production methods for H2 and H2O2 in one process by modifying
a typical alkaline water electrolyzer to simultaneously produce H2 and H2O2. The
sale of the green H2O2 produced at the anode could then be used to offset the high
levelized cost of hydrogen from typical alkaline water electrolysis and make green
H2 more commercially attractive.
There have already been studies of the simultaneous production of H2 and H2O2

in water electrolysis, but they are mostly focused on fundamental aspects. [14–16]
These studies examine the system from an electrochemist’s point of view, and ex-
plore concepts such as which anode materials preferentially produce H2O2 instead
of O2, what the reaction mechanism to produce H2O2 is, and how the electrochem-
ical surface behaves. Missing from the overall discussion is the viewpoint of an
electrochemical engineer. The questions that need addressing are what produc-
tion rates of H2O2 can be achieved, how can this H2O2 be extracted for sale, and
how well could this process lower the levelized cost of hydrogen?

1.2. BACKGROUND
1.2.1. ELECTROCHEMISTRY OF ANODICALLY PRODUCED H2O2
The half-cell reactions that take place in typical alkaline water electrolysis at the
cathode and anode are shown in Equations (1.1) and (1.2), respectively. The latter
is sometimes referred to as the four-electron water oxidation reaction (4 e–WOR), to
contrast it with the two-electron water oxidation reaction (2 e– WOR) that produces
H2O2, shown in Equation (1.3). The anodic reactions are in competition with each
other, and thus improving the selectivity towards H2O2 rather than O2 has been the
primary research concern.

4H2O+ 4e–→ 2H2+ 4OH– (1.1)

4OH–→ 2H2O+ O2+ 4e– (1.2)

2OH–→ H2O2+ 2e– (1.3)

Much of the literature focuses on finding and testing new anode materials for an-
odic H2O2 production. One class of materials are metal oxide nanoparticles depos-
ited onto a conductive substrate, which have been examined both experimentally
and computationally. [17–19] Viswanathan et al. looked into the multi-step electron-
transfer pathways that lead preferentially to the 2e–WOR rather than the 4e–WOR.
[15] They performed computational chemistry calculations to show that an optimum
in chemical activity towards the 2e–WOR exists based on the anode material used.
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Siahrostami et al. extended the study to identify the preferred end product of the an-
odic reaction based on the binding energies of reaction intermediate species. [20]
They showed that there was another anodic reaction which could occur on these
materials, the one-electron water oxidation reaction (1 e– WOR), shown in Equa-
tion (1.4). In this reaction, the product is a highly reactive radical species, OH .

OH–→ OH + e– (1.4)

Another class of materials that are reported to produce anodic H2O2 are carbon-
based electrodes. While simple carbon fiber papers can work, the most exotic ma-
terial was a carbon fiber paper treated with polytetrafluoroethylene (PTFE) reported
by Xia et al. The authors ascribe the significant H2O2 production to the confinement
of gas bubbles on the anode surface that change the local micro-environment, while
other groups used computational chemistry to ascribe the enhanced H2O2 produc-
tion to the electron-withdrawing character of the nearby carbon-fluorine bond. [21,
22] The potential dissolution of PTFE into the electrolyte stream represents an un-
desirable hazard that would be difficult to mitigate. Additionally, both untreated
and PTFE-treated carbon fiber papers undergo significant oxidation themselves,
as carbon is easily oxidized, leading to eventual degradation of the fibers and the
anode itself. Thus, these carbon-based anodes are not a favorable choice for in-
dustrial operation. A notable exception, used throughout this dissertation, is boron-
doped diamond (BDD). This carbon-based electrode material still produces signi-
ficant amounts of H2O2 but features extremely stable carbon-carbon bonds that
prevent electrode degradation. [23, 24]
With many catalysts known for the 2 e– WOR, effort was made to understand

the reaction mechanism in greater detail. But achieving this for the wide variety of
anode materials requires knowledge of the exact species present at the anode sur-
face and of short-lived intermediate species in the bulk, both of which are difficult to
verify experimentally. Broadly speaking, there are two groups of proposed reaction
pathways for anodic H2O2: a direct pathway, and an electrolyte-mediated pathway.
A brief schematic of these mechanisms is shown in Figure 1.2.
The proposed direct pathways involve standard catalytic mechanisms such as the

Eley-Rideal mechanism or less commonly seen pathways such as the dimerization
of radical species. [25–30] However, the production of H2O2 appears to be dramat-
ically improved by the use of carbonate or bicarbonate based electrolytes, and has
led to proposed reaction mechanisms that involve the electrolyte itself. Gill et al.
proposed a possible mechanism for the 2 e– WOR that proceeds by bicarbonate
electrolyte acting as an intermediate in a catalytic cycle. [31] This proposed mech-
anism matches the overall electrochemistry that the reaction involves two electrons,
but also matches experimental observation of the influence of the electrolyte. Kut-
tassery et al. proposed a mechanism where bi(carbonate) acts as a cofactor to the
anode. [32] While there is still debate about the precise mechanism, further evid-
ence supporting the hypothesis of the electrolyte’s involvement has been shown.
[33]
The quantification of the anodic H2O2 itself also leads to difficulties in unraveling

the reaction mechanism, because the liquid H2O2 produced is immediately diluted
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Figure 1.2: A simplified schematic of the proposed mechanisms for anodic H2O2
production. The top schematic is the Eley-Rideal mechanism, where
an OH– anion binds to an adsorbed OH species to produce H2O2. [25–
27] The middle schematic shows the dimerization of two radicals from
1e–WOR to produce H2O2. [28–30] The bottom schematic is the mech-
anism proposed by Gill et al., where the bicarbonate (HCO –

3 ) electrolyte
is oxidized at the anode surface and then reacts with bulk water (H2O)
to form H2O2. [31] The block arrows in the bottom schematic represent
more complicated mechanisms with intermediate steps rather than dir-
ect electron transfers.

by the surrounding electrolyte, thus lowering the threshold before which we can reli-
ably measure any H2O2. We must therefore rely on a more generalized description
of the extent of H2O2 production that can be used in calculations for scaling up this
reaction.

1.2.2. ELECTROCHEMICAL ENGINEERING OF ANODIC H2O2
The selectivity of an electrochemical reaction with multiple reaction pathways is
called the faradaic efficiency, and is a measure of how much electrical charge has
gone to the formation of the desired product. The fraction of electrons used for the
desired product over the total number of electrons passed is the faradaic efficiency,
often expressed as a percentage. In a typical case, this is easily calculated by
measuring the product concentrations and comparing them to the delivered current.
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But H2O2 is an unstable product, and undergoes two main decomposition reactions,
shown in Equations (1.5) and (1.6). The former is the further oxidation of H2O2 to
O2 and occurs at the anode surface, while the latter is a disproportionation reaction
that occurs in the bulk electrolyte.

H2O2+ 2OH–→ 2H2O+ O2+ 2e– (1.5)

2H2O2→ 2H2O+ O2 (1.6)

As soon as H2O2 is produced at the anode, it can immediately be further oxidized
on exposure to the anode. Additionally, any H2O2 that leaves the anode surface
and diffuses to the bulk solution will also inevitably degrade over time. As the elec-
trode area is enlarged during scale-up and as the amount of electrolyte increases,
these effects will increase. The faradaic efficiency calculated by measuring product
concentration will therefore only be an effective faradaic efficiency of the process.
Most industrial chemical processes operate continuously to maximize production

rates, and industrial electrolyzers are typically operated as stacks of electrolyzers
in a flow cell configuration. In this configuration, the electrolyte is recirculated and
the produced gases are separated in-line. A typical flow cell configuration for the
production of anodic H2O2 is shown in Figure 1.3, but the co-production of liquid
product brings new challenges. First, the re-introduction of H2O2 from the reser-
voir back to the anode chamber increases the likelihood of the surface reaction in
Equation (1.5) occurring again. Second, the longer the recirculation time before
H2O2 separation, the greater the time for the bulk decomposition reaction of Equa-
tion (1.6) to occur.

H2

Anolyte Catholyte

H2O2 + O2

An
od

e

Cathode

Separator

Figure 1.3: A simplified schematic of an electrochemical flow cell for anodic H2O2
production with yellow arrows indicating the path of electrolyte flow.
The electrolyte on the anode side of the separator is referred to as the
anolyte, and this convention carries over to the catholyte.
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This competition between H2O2 generation and H2O2 degradation has implica-
tions on the operation of electrolyzers for this reaction. One solution could be to
operate the electrolyzer in a single-pass configuration, where electrolyte is passed
once over the electrode and then sent through a separation train to extract H2O2
before being recycled. The effect of flow rate on the outflow stream in single-pass
configuration is shown in Figure 1.4. As the flow rate increases, the outlet stream
concentration sharply decreases but the effective faradaic efficiency increases. The
total H2O2 production rate can also be found from these plots by multiplying the flow
rate by the concentration. Examining Figure 1.4a, we can see that increasing the
flow rate from 5 mL min-1 to 100 mL min-1 leads to an increase in the production
rate from 0.33 mmol min-1 to 0.8 mmol min-1.

b)

Figure 1.4: Plots from literature showing the effect of single-pass electrolyte flow
rate on anodic H2O2 production using a BDD anode and 2 M K2CO3
electrolyte from a) Pangotra et al. (Reproduced under CC BY 3.0) [34]
and b) Vass et al. (Reproduced under CC BY 4.0) [35]

These plots would indicate that single-pass configuration at high flow rate is the
best choice. But when scaling up these reactions for maximum chemical produc-
tion rates, we must also consider the downstream separation of the products. As a
general heuristic, most chemical separations are more effective at higher concen-
trations. A worthy compromise would be to recirculate the electrolyte at a high flow
rate until the anolyte has reached a sufficient H2O2 concentration, and then send it
for separation. The extra H2O2 gained by continuing the reaction while recirculating
should ideally outweigh the increased decomposition chance due to reintroducing
the H2O2 to the anode and the longer residence times. However, recirculating elec-
trolyte in this case can lead to other complications due to poor OH– transport in
bi(carbonate) solution, which are briefly outlined in the next section.
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1.3. AIMS AND OUTLINE
This dissertation explores the electrochemical engineering of the anodic production
of H2O2 in alkaline water electrolysis. Specifically, we seek to fill the gap in literature
concerning how this reaction would perform in the relevant industrial configuration,
namely with recirculating electrolyte and keeping the final sale of product in mind.
What are the limitations of electrolyzers when operated for H2O2 co-production and
the causes of these limitations? How much H2O2 can we reliably generate and can
we model this? Finally, using this knowledge, what does the separation of the pro-
duced H2O2 look like and can it be a profitable route given the current technology?
We begin with Chapter 2 which examines an often overlooked issue in recirculat-

ing electrolyte systems. As time goes on, the anolyte and catholyte slowly change
composition due to insufficient OH– transport across the separator. This gradual de-
pletion of OH– anions in the electrolyte leads to performance issues for the device
such as rising voltages and falling currents. While this issue is often resolved in
lab-scale by flowing electrolyte in single-pass operation, the recirculating system
must be more carefully examined for scale-up.
The findings from this chapter are then carried over into an experimental setup

used to produce anodic H2O2 in Chapter 3. The lab-scale setup operated in this
chapter is run in the industrially relevant case, with higher current densities and re-
circulating flow. We use a stable BDD anode to generate concentration curves of
H2O2 versus time and then use a reaction engineering description based on mole
balances to develop a mathematical description of the system. The equations for-
mulated can then be used to predict the resulting H2O2 concentrations over time
given certain geometric and electrochemical parameters.
With an understanding of the pitfalls of recirculating electrolyte systems and an

understanding of how H2O2 concentration develops over time, we then explore how
to produce anodic H2O2 at process scale and sell it as a viable product in Chapter 4.
This chapter begins by investigating the feasibility of separating H2O2 from the elec-
trolyte for sale and finds that H2O2 can be better valorized as sodium percarbonate,
a common detergent. A process design to achieve this is performed and the techno-
economics of the process are evaluated. The input parameters are then adjusted
to examine which parameters are most sensitive to the overall economic viability
of co-producing H2O2 at the anode as an offset for green H2 production costs. Fi-
nally, Chapter 5 concludes this dissertation and provides recommendations for fu-
ture work on this topic.





2
PRACTICAL LIMITATIONS IN

GENERATING HYDROGEN
PEROXIDE

ABSTRACT
The commercialization of (bi)carbonate-based electrolyzers for reactions such as
CO2 reduction requires examination of their long-term operation. We studied the
effects of electrolyte depletion and electrolyzer performance drop-off through exper-
iments and simulations in a system with separated, recirculating electrolyte reser-
voirs. The effects of mass transport, electrochemical reactions, and equilibrium re-
actions form a combined picture that explains the behavior in these systems, which
is characterized by insufficient OH– transport for electrochemical reactions at the an-
ode surface. The carbonate equilibrium shifts towards bicarbonate as OH– anions
are consumed at the anode, and the bicarbonate equilibrium shifts further to CO2
as physical gas stripping by O2 bubbles remove dissolved CO2 until the electrolyte
is fully depleted. We reduce the system into a simplified 1-D numerical model that
identifies the relevant phenomena of the system. We use this model in tandem with
experiments to show the loss of dissolved carbon due to physical gas stripping and
electro-osmotic flow from anode to cathode in the system. The simulations agree
with experimental measurements and show that migration is the dominant compon-
ent of the ionic transport that sustains the current. Our results show that continuous
operation of these systems is not possible without some strategy to improve OH–

transport to the anode, such as recombining electrolyte streams after separation,
using novel separators, or operating at much lower current densities.

The work in this chapter has been submitted for publication as S. A. Phadke, J. W. Haverkort and W.
de Jong. ‘Recirculating carbonate and bicarbonate based electrolyzers cannot operate continuously
without in-line separation due to electrolyte depletion and ion crossover.’

11
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2.1. INTRODUCTION
With more stringent emissions regulations comes the need for more sustainable
methods of chemicals production. One of these methods is the electrochemical
formation of commodity chemicals through electrolysis using renewable electricity
and/or renewable feedstocks. [36] One example would be carbon dioxide (CO2)
reduction to produce methane, ethylene, oxalate, etc. [37] Another example is the
electrochemical production of hydrogen peroxide (H2O2) in alkaline systems, which
could displace the currently unsustainable production route through anthraquinone
oxidation. [15, 38] Both of these electrochemical processes use aqueous electro-
lytes based on either carbonate (CO 2–

3 ) or bicarbonate (HCO –
3 ) as the anion. But

these aqueous, (bi)carbonate-based electrolyzers have some drawbacks. One is-
sue is larger ohmic losses due to the lower conductivity of the electrolyte when
compared to the typical 30 wt% potassium hydroxide (KOH) solution used in al-
kaline water electrolysis. [39, 40] Another drawback is that the lower concentration
of charge-carrying hydroxide (OH–) anions compared to 30 wt% KOH means that
transport of OH– from cathode to anode is insufficient to achieve steady-state at high
currents. [41] The electrochemical reactions at the anode in (bi)carbonate-based
electrolyzers must therefore consume a different source of OH– anions instead: the
electrolyte itself.
The (bi)carbonate anions are part of an equilibrium reaction network involving

CO 2–
3 , HCO –

3 , and CO2, as well as protons (H
+) and OH– through water equilibra-

tion. Under an applied potential, OH– anions are consumed at the anode by elec-
trochemical reaction and the local pH drops. Le Chatelier’s principle dictates that
these equilibrium reactions then shift to provide more free OH–, which is further
consumed by the anodic reactions. This can equivalently be viewed as arising from
the generation of H+ ions from the anodic reactions. In the catholyte, the OH– pro-
duced at the cathode cannot be transported through the porous separator to the
anode quickly enough, and the catholyte pH rises. During this time, both CO 2–

3 and
HCO –

3 are also transported to the anolyte by migration and diffusion, where they
undergo the same equilibrium shifts. [42, 43]
This pH swing can be mitigated in standard alkaline water electrolysis, where the

anolyte and catholyte can be recombined after gas separation using a balancing line.
The balancing line connects the two electrolyte tanks and ensures continual opera-
tion. [44] But in an electrochemical system that produces liquid products like H2O2
instead of exclusively gaseous products, the reservoirs cannot be mixed, as doing
so would introduce the liquid product to the opposite electrode reaction and decom-
pose it. Re-mixing the electrolyte would require in-line separation, which is very
difficult for the low single-pass product concentrations that are typically achieved
with these devices. When the electrolyte is recirculated in these systems without
re-mixing, the OH– capacity in the anolyte steadily depletes, and the pH difference
between the two chambers increases. [45–47] As this continues, the current drops
to a limiting value as the electrode reactions slow down. Due to this equilibrium-
based OH– capacity of the electrolyte, the reaction can run for longer than com-
pared to dilute KOH solution of the same pH, but the depletion will still inevitably
occur. This unsteady operation is detrimental to commercial chemicals production
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by electrolysis, as lower current leads to lower chemical production rates. There-
fore, the phenomenon of electrolyte depletion must be better understood if we hope
to industrialize these processes.
Previous investigations into the topic have either focused mainly on the crossover

of CO2 reduction products from catholyte to anolyte, the impact of reaction condi-
tions on product selectivity, or the migration of dissolved carbon species when CO2
is being fed from the cathode side. [47–51] Here, we present experiments show-
ing electrolyte depletion in a zero-gap alkaline water electrolyzer using carbonate-
based electrolyte and recirculating flow with separated reservoirs. Our experiments
do not include a pressurized feed of CO2 into the catholyte through a gas-diffusion
electrode, meaning that we are examining a system without an additional influx
of species that lowers the overall pH. We also perform simulations using COMSOL
Multiphysics to explore the system dynamics and identify key processes that explain
the observed behavior. The results show that CO 2–

3 is depleted in the anolyte by the
electrochemical demand of the anodic reactions, but that HCO –

3 is then depleted
due to physical gas stripping of CO2 from solution by the generated O2 bubbles.
This results in a significant amount of dissolved carbon loss, as dissolved carbon
species also migrate across the separator to the anode, where they are then equilib-
rated away to gaseous CO2. We found that the migration of anionic species was the
most significant contributor to the observed current until just before the electrolyte is
fully depleted. The results also provided secondary evidence for the reaction mech-
anism of anodic H2O2 formation based on the peroxydicarbonate (C2O

2–
6 ) catalytic

pathway.

2.2. METHODS
2.2.1. EXPERIMENTAL SETUP
We constructed a zero-gap electrolyzer using laser-cut sheets of 5 mm thick
poly(methyl methacrylate) (PMMA) and gaskets of silicone and ethylene propylene
diene monomer (EPDM) rubber. An image of the electrolyzer can be seen in
Figure 2.1. The cell was compressed together using nuts and bolts and made leak-
tight with the aid of a thin, 3-D printed insert that added extra compressive force
around the electrode chambers and prevented undesired crossover around the
separator. Hose pillars were 3-D printed using Formlabs V4 resin and glued with
epoxy into the PMMA endplates. The electrolyte used was 1 M Na2CO3 (Merck,
ACS Reagent, anhydrous, ≥99.5%, granules) made using milli-Q water (Merck
Millipore, 18.2 MΩ·cm). The separator used was Zirfon Perl UTP 500 from Agfa
(500 µm thickness, 50% porosity). The separator was kept submerged in the 1 M
Na2CO3 electrolyte between experiments in order to keep it hydrated and retain its
transport properties. The anode used was Boron-Doped Diamond (BDD), 50 cm2

from Condias, 2500 ppm p-type doping, chemical vapor deposition coated onto
both sides of an expanded metal niobium substrate. BDD was chosen due to the
need for a stable material under extremely oxidizing conditions. Many anodes were
tested, such as nickel, stainless steel, and some proprietary coated electrodes,
but all except BDD underwent significant corrosion during the experiments. The
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cathode was a piece of nickel expanded metal from ExpandoMetal, 0.4 mm thick
and 60 cm2.
The current collectors were water-jet cut from 1 mm thick titanium plates with ver-

tical busbars spanning the electrode faces. These vertical struts distributed current
more evenly across the electrode surface while allowing gas bubbles to escape.
These current collectors were glued into a recess that was milled out of the PMMA
plates. They also helped to compress the electrodes onto the separator surface
and ensured a zero-gap configuration. To ensure that the only available surface
area for ion transport was immediately between the electrodes, a piece of gasket
was cut to fit each electrode, which masked off any other separator surface area.

16 cm

23 cm

Figure 2.1: Photo of the electrolyzer with a view of the anode side. The black BDD
expanded metal electrode in the center is surrounded by solid black
EPDM gasket of the same thickness, which masks off all porous separ-
ator that is not directly in between the electrodes. The single electrode
is held in place by the vertical struts of the titanium current collector,
which also distribute current evenly across the electrode surface. The
tabs extending out the left and right provide terminals for the power sup-
ply connections. The thin, blue, diamond-shaped piece around the elec-
trode chamber is the 3-D printed insert that ensures a compressive force
around the electrode chambers and prevents any leakage. The entire
cell is compressed using nuts and bolts, with 3-D printed feet to keep
the electrolyzer upright.
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A Delta Elektronika SM15-200D was used to supply power, connected using ring
terminals to the current collectors. Two electrolyte reservoirs were constructed from
laser-cut PMMA and glued together using Acrifix 0192. During the experiments,
these reservoirs were stirred using magnetic stir bars. Experiments were inten-
tionally performed with low volumes of electrolyte (350 mL each for anolyte and
catholyte) and large potential differences in order to quickly deplete the electrolyte.
With these operating conditions, it was necessary to cool the electrolyte to prevent
undesired changes to transport properties or reaction rates due to temperature in-
crease. Simple heat exchangers were constructed using stainless steel Swagelok
tubing and placed in a large plastic container that could be filled with ice and water
as needed to manually regulate the electrolyte temperature. The electrolyte tem-
perature was maintained between 20°C and 35°C.
A Longer BT100-3J peristaltic pump with DG15-24 two-channel pump head was

used to pump electrolyte through the cell, while keeping the two streams separated.
The flow path was from reservoir, through heat exchanger, through one chamber
of the electrolyzer, and back to the same reservoir. The flow rate used was 250 mL
min-1, which led to an electrode chamber residence time of about 15 seconds. All
tubing between components was made from silicone. An image of the full experi-
mental setup is shown in Figure 2.2.

Figure 2.2: Photo of the experimental setup. In the bottom right is the peristaltic
pump which pumps electrolyte into the heat exchangers in the bottom
left. The heat exchangers are stainless steel tubes immersed in a con-
tainer of ice. The exits of the heat exchangers lead into the electrolyzer
in the top left, with black power cables attached to the current collectors.
The electrolyte flows into the bottom of each electrode chamber, out
the top, and returns to the reservoirs behind the peristaltic pump. Each
reservoir has a temperature and pH probe submerged in it.

During the experiments, a significant electro-osmotic flow from anolyte to
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catholyte was observed. This change in volume is caused by the negatively
charged porous separator inducing a positive counter-charge in the electrolyte,
resulting in a net fluid motion. [52] This leads to the anolyte losing water and
the catholyte gaining water, contrary to the stoichiometry of the electrochemical
reactions. The experiments were set to run for 200 minutes, but were stopped in
the case that the anolyte reservoir ran dry and the pump could no longer recirculate
electrolyte through the device. With a total of 350 mL of electrolyte in one reservoir
and a volume of 250 mL in the tubing, heat exchanger, and electrode chamber on
one side of the device, the current was switched on with 100 mL remaining in the
reservoir. If that 100 mL was lost from the anolyte chamber before 200 minutes,
the experiment was stopped.

2.2.2. EXPERIMENTAL MEASUREMENT
The power supply was controlled using analog voltage signals provided by a Na-
tional Instruments Data Acquisition Device. The voltage was fixed at the current
collectors to either 7.5 V, 6.5 V, or 5.5 V and the current was measured every 0.5
seconds. The pH and temperature of the reservoirs were monitored using PCE In-
struments pH and temperature probes (PCE-228), recording data every 10 seconds.
Experiments started with measured volumes of electrolyte in each reservoir and
stopped when the anolyte reservoir ran dry due to electro-osmotic flow bringing
electrolyte from anode side to cathode side. This corresponded to a loss of roughly
100 mL, leaving 250 mL remaining to fill the rest of the anolyte side of the system.
The BDD anode used in this experiment has been shown in literature to form

peroxydicarbonate (C2O
2–
6 ) through the oxidation of CO 2–

3 anions. [53–55] The
resulting C2O

2–
6 is proposed to react with water in the bulk to form H2O2. [34] To

measure this produced H2O2, we used the potassium permanganate (KMnO4) titra-
tion procedure outlined by Gill and Zheng. [56] Briefly, a sample of electrolyte is
acidified with a 1:5 diluted sulfuric acid (H2SO4, Merck, ACS Reagent, 95%-98%)
solution, and then titrated drop-wise using a burette with purple 2 mM KMnO4 solu-
tion (Merck, Titripur, standardized against oxalate, 0.02 M, diluted tenfold using
milli-Q water) until a light pink color remained in the initially colorless H2O2 sample.
The volume of KMnO4 added to reach the titration endpoint is then used to calculate
the H2O2 concentration of the sample based on the stoichiometry.
To measure liberated CO2 gas from the anolyte, we used a gravimetric assay.

The outlet of the anolyte was connected to a simple gas-liquid separator, and when
the separated liquid stream flowed into the reservoir, the gas stream was fed into a
beaker containing a mixture of 1 M barium chloride (BaCl2 dihydrate, Merck, ACS
reagent, ≥99%) solution mixed with 1 M sodium hydroxide (NaOH, Merck, ACS re-
agent, ≥97%, pellets) solution. This high pH solution readily captured any gaseous
CO2 while letting oxygen bubble through freely. The trapped CO2, in the form of
CO 2–

3 in solution, then quickly reacted with barium ions in solution to precipitate
as the highly insoluble barium carbonate (BaCO3). This precipitate was allowed to
settle, vacuum filtered, and then dried in an oven to measure its mass.
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2.2.3. NUMERICAL MODEL DEVELOPMENT
The model created was a simplified 1-D model using COMSOL Multiphysics v6.2,
where the 1-D domain represented the porous separator. The domain was modeled
using the “Tertiary Current Distribution, Nernst-Planck” interface, with boundary Or-
dinary Differential Equations (ODE’s) used to describe the content of the reservoirs.
A schematic showing the experimental setup and its translation to the numerical
geometry is depicted in Figure 2.3. Whereas other models for such a system are
2-D and include a CO2 feed through a gas-diffusion electrode, our model can be
simplified due to the simpler nature of the transport phenomena near the electrode
surfaces. [57, 58] Our model includes the contributions of diffusion, migration, and
convection, and also enforces electroneutrality everywhere. The effects of tem-
perature change were not included, and the simulation temperature was set to a
constant 298.15 K. The full details of the simulation can be found in Section 2.B.

1-D
Tertiary Current Distribution

Nernst-Planck

Anolyte Catholyte

O2/CO2/H2O2

A
n

od
e

C
a

th
od

e
Separator

Elec = 350 mL

50 cm2

Elec = 350 mL

60 cm2

HX HX

0-D
Boundary ODE’s

0-D
Boundary ODE’s

H2O2/CO2

H2

Figure 2.3: Schematic of the experimental setup compared to the numerical geo-
metry. The porous separator is treated as a 1-D line segment with the
anode and cathode included within the domain. All the electrolyte on
one side of the separator (in the reservoir, tubing, heat exchanger, and
electrolyzer chamber) is combined into a single set of Boundary ODE’s
for that side. The HX represents a heat exchanger removing heat from
the electrolyte flow before entering the electrode chamber. The solid
yellow arrows in the experimental schematic represent electrolyte flow
and are represented in the numerical schematic by solid yellow arrows
between the 0-D and 1-D domains that are mathematically described
using the vertical liquid velocity in the electrode chamber.
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The equations satisfied by the model are written in Equations (2.1) – (2.4).

ND, = −DEff, ∇c (2.1)

NM, = −zμFc∇φ (2.2)

NC, = c (2.3)

∑
zc = 0 (2.4)

In the preceding equations, ND,, NM,, and NC, are the diffusive, migratory, and
convective fluxes of species , respectively, DEff, is the effective diffusivity, ∇c is
the concentration gradient, z is the ionic charge, μ is the mobility calculated by the
Nernst-Einstein relation shown in Equation (2.B.16), F is Faraday’s constant, and
∇φ is the electrolyte potential gradient. The electro-osmotic velocity, , is calcu-
lated based on the electrolyte potential difference and shown in Equations (2.B.17)
and (2.B.18).
The molecular and ionic species included in the simulation were H+, OH–, CO 2–

3 ,
HCO –

3 , CO2, C2O
2–
6 , H2O2, HO

–
2 , and Na+. For the anolyte reservoir boundary

ODE’s, an additional species representing gas phase CO2, CO2(g), was also in-
cluded. Equation (2.4) was satisfied in the 1-D separator by balancing the other
ionic species with Na+ as the counterion.
The left boundary of the 1-D domain represented the BDD anode and here the

oxygen evolution reaction (OER), peroxydicarbonate (C2O
2–
6 ) generation reaction,

and anodic oxidation of H2O2 take place. At the right boundary of the 1-D domain
representing nickel, the hydrogen evolution reaction takes place. These four elec-
trochemical reactions are detailed in Equations (2.5) – (2.8).

4OH–→ O2+ 2H2O+ 4e– (2.5)

2CO 2–
3 → C2O

2–
6 + 2e– (2.6)

H2O2+ 2OH–→ O2+ 2H2O+ 2e– (2.7)

2H2O+ 2e–→ 2OH–+ H2 (2.8)

The electrochemical kinetics were modeled using the Butler-Volmer equation
shown in Equation (2.B.14), with the equilibrium potential calculated using the
Nernst equation shown in Equation (2.B.13). To account for concentration overpo-
tential effects, the exchange current density term in the Butler-Volmer equation for
the anodic reactions was multiplied by a concentration normalization factor, shown
in Table 2.B.4.
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Each electrode was also modified with a film resistance term in order to account
for the ohmic loss over the external circuit and current collectors. A simple meas-
urement of the current collectors was performed by directly connecting the power
supply leads to the center and one outer flap of a single current collector and meas-
uring the ohmic drop. The resulting measurement of 15 mΩ was then fixed as the
film resistance on each electrode in the simulation as an approximation of ohmic
losses.
The equilibrium reactions mentioned earlier concerning the electrolyte are shown

in Equations (2.9) – (2.11). The unidirectional reactions for the formation and bulk
disproportionation of H2O2 are shown in Equations (2.12) and (2.13). Lastly, the
equilibrium reaction for the deprotonation of H2O2 based on pH is shown in Equa-
tion (2.14). These reactions occur everywhere in the simulation and details of their
implementation can be found in Table 2.B.2.

CO2+ OH–⇋ HCO –
3 (2.9)

HCO –
3 + OH–⇋ CO 2–

3 + H2O (2.10)

H2O⇋ OH–+ H+ (2.11)

C2O
2–
6 + 2H2O→ 2HCO –

3 + H2O2 (2.12)

2H2O2→ O2+ 2H2O (2.13)

H2O2+ OH–⇋ HO –
2 + H2O (2.14)

At each end of the 1-D domain, overlapping with the electrodes, a flux boundary
condition was imposed in order to exchange contents with the reservoirs, shown in
Equation (2.15).

NB, = k, mt

�
nRes,

VElec(t)
− c��B�−  nRes,

VElec(t)
(2.15)

In the expression for the boundary flux of species , NB,, the first term on the
right-hand represents the recirculating flow of electrolyte to the electrode chamber,
where k, mt is the mass transfer coefficient of 8.3 mm s-1, nRes, is the amount of
species  in the reservoir (in moles), VElec(t) is the anolyte or catholyte volume as
a function of time, and c

��
B is the concentration of species  at the boundary of the

1-D domain representing the separator. The precise value of k, mt was set equal
to the average superficial vertical liquid velocity in the electrode chamber, but is not
significant so long as it is large enough. The second term on the right-hand side
represents the amount of species transported by electro-osmotic flow from anolyte
into the 1-D domain, where  is the electro-osmotic velocity. For the boundary at the
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cathode, the second term on the right-hand side is replaced by +c
��
B, to account

for the contents of the 1-D domain being convected to the catholyte reservoir.
The electrolyte outside of the separator was modeled as a well-stirred vessel

of homogeneous concentration using a set of boundary ODE’s with the following
general form:

dnRes,

dt
= −NB,AElec +

�∑


r

�
VElec(t) (2.16)

Equation (2.16) models the change in reservoir species by including the contri-
butions of the flux boundary conditions and the homogeneous reactions mentioned
earlier. The first term on the right-hand side is equal and opposite to Equation (2.15)
multiplied by the geometric electrode surface area, AElec. The second term on the
right-hand side represents the homogeneous reactions that occur at all points in
the electrolyte, including the reservoirs and tubing, where

∑
r is the sum of reac-

tion rate terms involving species . The equation for dnRes,CO2/dt in the anolyte
includes a term that accounts for physical gas stripping of dissolved CO2 based on
the gas fractions that result from the calculated currents. Conversely, the equation
for dnRes,CO2/dt in the catholyte includes a term for the modest uptake of atmo-
spheric CO2 into a stirred, alkaline reservoir. These additional terms are detailed in
Equations (2.B.28) and (2.B.29).
The equation for VElec(t) is found by solving Equation (2.17).

dVElec(t)

dt
=

 
AElec

∑
H2O

j

nF
+ VElec(t)

∑
H2O

νr

!
Vm,H2O ± AElec (2.17)

In Equation (2.17), the first term on the right-hand side represents the total volume
of H2O that is either generated or consumed through electrochemical and homogen-
eous reactions, while the second term represents the volume gained or lost due to
electro-osmotic flow. The symbol j is the individual current density of the electro-
chemical reaction, n is the molar ratio of electrons to water, ν is the stoichiometric
ratio of water in the homogeneous reactions, and Vm,H2O is the molar volume of
water at 298.15 K.

NUMERICAL METHODS
Due to a large range of time scales across the electrochemical kinetics, homogen-
eous reaction rates, and transport phenomena, the numerical system described
here is an extremely stiff system of differential equations. The anode boundary in
particular experiences the combined effects of diffusion, migration, convection, elec-
trochemical reactions, homogeneous reactions, and flux conditions, all while OH–

is being slowly depleted. This leads to very steep gradients in concentration and
reaction rates near the boundaries. To improve stability, many of the reactions are
thus numerically described in terms of producing H+ rather than consuming OH–.
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The time-dependent simulation uses quadratic element order for species concen-
tration, electric potential, and electrolyte potential in the 1-D domain, and also uses
quadratic element order for species amounts in the 0-D domain. The implicit solver
was fully coupled, and used undamped Newton’s method and adaptive backwards
differentiation formula with maximum order 2 and minimum order 1. The mesh
across the 1-D domain consisted of three separate meshes. Two of the meshes
were fine meshes of 2.5 nm element size for a total of 150 nm each at either end
of the 1-D domain, to better capture the steep gradients that occurred. The center
of the 1-D domain used larger elements of maximum 2.5 µm, with a distribution
gradually reducing the element density from the mesh near the boundaries to the
center of the domain. This led to a total of 445 mesh elements. A mesh refinement
study showed that decreasing the maximum element size up to a factor of 10 led
only to small changes in relative values of current (< 3%) and anolyte pH (< 1%),
at the cost of increasing the computational time from minutes to many hours. The
mesh refinement study and its details are included in Figures 2.A.4a – 2.A.4d.

2.3. RESULTS AND DISCUSSION
2.3.1. EXPERIMENTAL-SIMULATION AGREEMENT
The current at constant cell potentials, shown in Figure 2.4, began with a sharp
increase within the first few minutes. This was likely the result of initial activation
of the electrodes due to changes in surface chemistry or oxidation state, or a result
of local heating of the device. The cell current then decayed approximately lin-
early and a significant electro-osmotic flow was observed from anolyte chamber to
catholyte chamber. The comparison of the experiments with the numerical model
are shown in Figure 2.4, with solid lines representing experiments and dashed lines
representing simulations. There is overall agreement in shape and magnitude of
the profiles with a slight underprediction by the model. One possible contributor to
this difference may be local temperature effects that are not accounted for in the
model, which slightly improve ionic transport through the separator. A plot of the
reservoir volumes from the simulations is shown in Figure 2.A.1.
Through simulations, we can decompose the current and derive the individual

contributions. Figure 2.5a shows that much of the delivered current is due to migra-
tion rather than due to diffusion. We can also decompose the current by reaction
type, as in Figure 2.5b, which shows for the case of 7.5 V cell potential that while
OER and the C2O

2–
6 generation reaction are initially of similar order, the latter de-

creases while the anodic oxidation of H2O2 increases. The anodic oxidation of
H2O2 then decreases until only OER remains. Similar plots for 6.5 V and 5.5 V cell
potential can be found in Figures 2.A.2a and 2.A.2b.
Examining the experimentally measured pH of the anolyte reservoir over time

reveals a quick decay to a value of approximately 8.5, which is roughly the pH of
1 M NaHCO3. This result is in agreement with previously reported results. [49,
59, 60] Figure 2.6a shows the comparison between experimental and simulated
results for anolyte pH over time. As cell potential increases, the drop to the lower pH
value plateau occurs more quickly. At 7.5 V and 6.5 V, the anolyte pH then slightly
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Figure 2.4: Plot of current versus time profiles at three constant cell potentials,
where solid lines indicate experimental data and dashed lines indicate
the simulation values. Experiments and simulations were performed at
1 bar and 25°C, beginning with 1 M Na2CO3. After an initial increase,
the currents all decay roughly linearly on different time scales. The fluc-
tuations in the experimental data are due to the fast sampling rate of 0.5
seconds, and the data shown here has not been smoothed or averaged.
The current density is calculated using the geometric anode area of 50
cm2.

increases before dropping again. We do not know the reason for the slight increase,
but it may be due to CO2 gas stripping slightly outpacing the OH

– consumption from
electrochemical reactions. The shape of the overall behavior is captured well by
the simulations, but the timescales and magnitudes are slightly off. Figure 2.6b
shows the comparison between experimental and simulated results for catholyte
pH over time. Again, the qualitative agreement is correct, while the magnitudes are
off. However, this change in magnitude could be due to the pH probe measurement
error becoming larger as the pH approaches 14.

2.3.2. SIMULATION RESULTS FOR ELECTROLYTE DEPLETION
The simulation results for ion species concentration across the separator explain
how the electrolyte depletes during operation. Figure 2.7 shows how the concentra-
tions across the separator evolve over time for the case of 7.5 V. There is initially a
sharp decrease in CO 2–

3 concentration with a corresponding increase in HCO –
3 con-

centration near the anode. As OH– is consumed at the anode, the equilibrium of
Equation (2.10) shifts to provide more OH– for the electrochemical reactions, pro-
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Figure 2.5: a) Plot of the contributions of migration and diffusion to the simulated
cell currents at three different cell voltages, for simulations at 1 bar,
298.15 K, and beginning with 1 M Na2CO3. Migration is almost always
the largest contributor of the current, until the anolyte is fully depleted,
at which point diffusion becomes the dominant current contribution. b)
Plot of the simulated current at 7.5 V cell potential, decomposed by elec-
trochemical reaction at the anode for the same starting conditions as in
a).
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Figure 2.6: Comparison between experiments and simulations of the pH of a)
anolyte reservoir and b) catholyte reservoir beginning at pH 11.75, cor-
responding to 1 M Na2CO3 at 1 bar and 298.15 K.

ducing HCO –
3 with a corresponding drop in anolyte pH during this time. Near the

cathode, there is a corresponding increase in OH– and Na+ as the produced OH–

cannot transport quickly enough to the anode. As time goes on, the OH– and Na+
concentrations continue increasing near the cathode and the HCO –

3 concentration
decreases near the anode. The article submission includes short movies of the
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relevant species’ concentrations as a function of position across the separator over
the simulation time, for each of the cell potentials simulated. These videos show the
gradual depletion of ions at the anode due to electrochemical reactions exceeding
the rate of ion transport across the separator. The effect of this behavior on the
reservoir contents can be seen in Figure 2.8.

Figure 2.8a shows the relevant species’ concentrations in the anolyte from simu-
lations at 7.5 V. As current continues flowing through the system, the oxygen gas
bubbles produced by OER strip away dissolved CO2 into the gaseous phase as
CO2(g). This removal of aqueous CO2 from the anolyte and the continued consump-
tion of OH– at the anode shift the equilibrium of Equation (2.9) towards aqueous
CO2 due to Le Chatelier’s principle. This then allows further physical gas stripping
of CO2 and further equilibrium shift, thus continuing the cycle. Eventually, all of the
dissolved carbon species are fully removed from the anolyte and both the current
and pH decrease sharply, as seen in Figures 2.4 and 2.6a, respectively. It should
be noted that the simulations without any physical CO2 stripping do not correctly
replicate the current vs time profiles, as HCO –

3 does not equilibrate to CO2 quickly
enough without the active removal of CO2. The experimental confirmation of this
result is discussed in Section 2.3.4, and a plot of simulation results without CO2
stripping is shown in Figure 2.A.5.

While the anolyte reservoir depletes due to OH– consumption outpacing transport
across the diaphragm, the catholyte reservoir instead concentrates as the produced
OH– cannot transport quickly enough to the anode. Figure 2.8b shows the relevant
species’ concentrations in the catholyte from simulations at 7.5 V. The low concen-
tration of HCO –

3 initially present quickly drops to near zero as the large excess of
OH– produced shifts the equilibrium towards CO 2–

3 . After the small initial increase,
the CO 2–

3 concentration then decreases due to diffusion and migration towards the
anode, while the OH– concentration steadily rises. As the current drops due to
ion depletion at the anode, the uptake of atmospheric CO2 into the catholyte reser-
voir combined with a decreasing accumulation of OH– starts to slightly increase the
CO 2–

3 concentration again. This follows naturally from the equilibrium relationship
where a small amount of CO2 introduced into an alkaline system quickly equilibrates
fully to CO 2–

3 . By examining the final amount of CO2(g) in the anolyte compared to
the starting amounts of CO 2–

3 and HCO –
3 , it is clear that the anolyte loses a larger

amount of dissolved carbon species than was initially present, and that this came
from the catholyte.

The simulations for the species’ concentrations in each reservoir for 7.5 V and
6.5 V show a similar shape, but at different time scales, with the HCO –

3 also fully
depleting near the end of the simulation for 6.5 V. However, the simulation for 5.5
V shows an even slower time scale where the HCO –

3 concentration first increases,
but then does not fully decrease to zero within the simulation time of 200 minutes.
The plots of the species’ concentrations in the reservoirs for different cell potentials
are shown in Figures 2.A.3a – 2.A.3d.
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Figure 2.7: Plot of the relevant species’ concentrations across the separator at dif-
ferent times for the case of 7.5 V cell potential. Simulations were per-
formed at 1 bar and 25°C, beginning with 1 M Na2CO3. The left side at
0 µm represents the anode while the right side at 500 µm represents the
cathode. The concentration of HCO –

3 first increases at the anode and
then decreases as the dissolved carbon species are slowly removed
from the separator. The article submission also includes short movies
of these species’ concentrations across the separator over time for the
cases of 5.5, 6.5, and 7.5 V cell potential.

2.3.3. H2O2 FORMATION
Alongside the depletion of dissolved carbon species, there are anodic reactions
involved in the formation of H2O2. While there is initially CO 2–

3 present in the
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Figure 2.8: Simulations of species concentrations in the a) anolyte reservoir and b)
catholyte reservoir for a cell potential of 7.5 V at 1 bar, 298.15 K, be-
ginning with 1 M Na2CO3. The ions depleted in the anolyte are corres-
pondingly accumulated in the catholyte, leading to a large pH gradient
across the separator, as seen in Figure 2.6.

anolyte, the dimerization reaction at the anode surface to form C2O
2–
6 shown in

Equation (2.6) can occur. This C2O
2–
6 then reacts with water to form H2O2 with a

small time delay based on the rate constant of C2O
2–
6 decay. The formed H2O2

then decays homogeneously and at the anode surface, leading to an exponential
decay. The comparison of H2O2 concentration in the anolyte in the 7.5 V case
can be seen in Figure 2.9. The difference between simulation and experimental
values could be due to a number of factors, including that the actual kinetic rate
constants change as the pH and anolyte composition change over time, which is
not accounted for in the simulation. But the qualitative agreement between experi-
mental and simulation results provides secondary evidence for the hypothesis that
H2O2 is generated through a catalytic cycle involving C2O

2–
6 , rather than by direct

electrochemical generation at the anode surface.

2.3.4. GASEOUS CO2 EVOLUTION
As described in Section 2.2.2, the evolved gas from the anolyte chamber was
passed through a barium solution in order to precipitate dissolved CO2 as BaCO3.
For the case of 7.5 V, Figure 2.8a predicts that a total of 0.52 moles of CO2(g)
should be evolved. For complete capture and conversion of this CO2(g) to BaCO3,
this would mean an expected dry precipitate mass of 102.6 g. The experimental
mass of dry precipitate measured was 31.9 g. There could be numerous reasons
for this large discrepancy, such as insufficient mixing time for the gas bubbles to in-
teract with the barium solution, or not using a large enough molar excess of barium
in solution to fully capture all of the CO2. But this result provides at least a qualit-
ative validation of the significant evolution of gaseous CO2 during electrolyzer op-
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Figure 2.9: Plot of experimental vs simulated H2O2 concentrations at 7.5 V, show-
ing fairly good agreement in both timescale and magnitude. The con-
centration values from the simulation are the sum of HO –

2 and H2O2.
Experimental measurements are expected to include both species as
well, because themeasurement procedure involves an acidification step.
The experimentally measured H2O2 concentration decays more slowly,
which could be due to changing decomposition kinetics in the anolyte
as the pH decreases over time.

eration. Visually, the barium solution remained relatively clear until the 15 minute
mark and then started becoming cloudy due to the formation of BaCO3 precipitate.
This corresponds with the simulation results for species’ concentrations shown in
Figure 2.8a, where CO2(g) begins to evolve around the same time. The evolution
of CO2 over time and in significant quantity was also reported by Ma et al., but their
setup had an active supply of CO2. [49]

2.3.5. CONSIDERATIONS FOR SCALE-UP
From the above results, we see that (bi)carbonate-based electrolyzer systems
steadily lose dissolved carbon when pushed to high currents, which could have
more implications on the scaled-up system in question beyond the issue of electro-
lyte depletion. For example, the CO2 reduction reaction typically involves feeding
CO2 through a gas-diffusion electrode at the cathode side, aiming to convert it to
higher value hydrocarbons. The greater ambition of the technology is to upcycle
CO2 emissions to close the carbon cycle, but any unreacted CO2 at the cathode
will become a dissolved carbon species, which will have the tendency to migrate to
the anolyte and be stripped away as gaseous CO2 or precipitate near the cathode.
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[61] This results in a loss of the CO2 that ideally would be reacted in order to
close the carbon loop. Another case where this transport of carbon species in the
system plays a significant role is the formation of anodic H2O2. For this reaction,
the electrolyte composition has implications on the generation and stability of
H2O2. [31, 62] Continually losing dissolved carbon species through this electrolyte
depletion mechanism and the resultant pH swing may significantly alter kinetics, in
addition to shortening the achievable reaction time.
It may be difficult to find solutions for electrolyte depletion when the use of a re-

balancing line is prohibited due to liquid product formation. In-line separation of the
liquid product directly following electrolysis would allow for rebalancing. [59] If in-
line separation is not possible, sustaining the electrochemical reaction may require
injection of alkaline solution to the anolyte. This lowers the concentration of liquid
product, but should hopefully keep the carbon species concentration relatively con-
stant, which may help product stability. However, the continual injection of solution
to the system cannot be maintained in a fully continuous process. The true solution
may rest in switching from porous separators to newer anion exchange membranes
that offer superior transport of OH–, but they also indiscriminately transport negat-
ively charged ions, such as CO 2–

3 and HCO –
3 , and the operational stability of these

new membranes has not yet reached the necessary targets for commercialization.
[63–65] Another solution could be operating at sufficiently low current densities such
that OH– transport is sufficiently fast, but this dramatically lowers the overall chem-
ical production rate. Other promising solutions have been researched to prevent
dissolved carbon species crossover, such as the use of bipolar membranes, dif-
ferent cationic species such as Cs+, or even using solid electrolyte between the
electrodes, but these solutions introduce additional complications to the scalability
and long-term operation of the system and require further study. [48, 66, 67]

2.4. CONCLUSION
We show combined experimental and simulation results to understand the dynam-
ics of ion transport and electrolyte depletion in (bi)carbonate-based electrolyzer sys-
tems. The equilibrium reactions of (bi)carbonate electrolyte provide a source of OH–

anions that can sustain the anodic reactions, but this results in continual depletion
of anolyte species. While the first equilibration of CO 2–

3 to HCO –
3 occurs readily,

the second equilibration of HCO –
3 to CO2 is assisted by the physical gas stripping

from the oxygen produced during OER. There is an overall net flux of dissolved car-
bon species from catholyte to anolyte, as dissolved CO 2–

3 and HCO –
3 transport over

to the anolyte and equilibrate away to provide more OH– for the anodic reactions.
This work highlights the issue of using (bi)carbonate-based electrolyte, which is that
the systems are only viable at lab-scale current densities for lab-scale operational
times. Solving this issue for commercialization will require new process flows such
as in-line separation of products from the electrolyte or new technologies for the
separators such as bipolar membranes or solid electrolyte systems.
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2.A. APPENDIX - ADDITIONAL SIMULATION RESULTS
2.A.1. RESERVOIR VOLUMES
Figure 2.A.1 shows the simulated electrolyte volumes as a function of time, where
the simulations had a stop condition that ended the simulation once the anolyte
volume reached 250 mL. The decay is roughly linear, with a sharp decrease at
the end for the 7.5 V and 6.5 V cases. This sharp drop-off corresponds to the
sharp increase of electrolyte potential difference once depletion occurs, and is in
agreement with the drop-off in current shown in Figure 2.4.
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Figure 2.A.1: Plot of simulated electrolyte reservoir volumes over time for simula-
tions at 1 bar, 298.15 K, beginning with 1 M Na2CO3. The time to
simulation end is in rough agreement with the time to experiment end,
which was 100 minutes for 7.5 V and 200 minutes for 6.5 V.

2.A.2. CURRENT BREAKDOWN BY REACTION
Figure 2.A.2 shows the breakdown of simulated current by anodic reaction for 6.5
V and 5.5 V cell potential. Figure 2.A.2a for the case of 6.5 V shares similar be-
havior as Figure 2.5b, with a decreasing component of C2O

2–
6 generation reaction

with corresponding increase of OER and anodic oxidation of H2O2, until only OER
remains. But Figure 2.A.2b for the case of 5.5 V looks markedly different. OER
is not the dominant current component until approximately 100 minutes, and the
C2O

2–
6 generation reaction current does not reach zero before the simulation ends.

This is likely due to there still being a non-zero concentration of CO 2–
3 at the anode,

which allows the C2O
2–
6 reaction to proceed. These concentrations are shown in

Figure 2.A.3c.
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Figure 2.A.2: Plot of the simulated current, decomposed by electrochemical reac-
tion at the anode for a) 6.5 V cell potential and b) 5.5 V cell potential.
The simulation conditions are the same as those in Figure 2.5, namely
1 bar and 298.15 K.

2.A.3. RESERVOIR CONCENTRATIONS
Figures 2.A.3a – 2.A.3d show the simulation results for the relevant species’ con-
centrations at different cell potentials, similar to Figures 2.8a and 2.8b. The time
scales for anolyte depletion are different, but we observe the same behavior, namely
a quick depletion of CO 2–

3 followed by a more gradual depletion of HCO –
3 . The

reason that the current in the simulations at 5.5 V cell potential does not drop to
zero within 200 minutes is that the HCO –

3 is not yet fully depleted. Additionally, the
concentration of CO 2–

3 does not reach zero for the case of 5.5 V cell potential, in-
dicating that the transport of OH– ions to the anode is much closer to a value that
could allow for steady-state operation.

2.A.4. MESH REFINEMENT STUDY
Figures 2.A.4a – 2.A.4d show the mesh refinement study for constraining the max-
imum element size of both the near-electrode region in the separator as well as the
middle of the separator by increasing factors of 2, 5, and 10. The precise details of
the meshes can be found in Table 2.A.1. The simulation was run with each of the
meshes, and then the (relative) difference between the resulting current and anolyte
pH values at 7.5 V were compared to the original coarsest mesh used. While there
is a slight convergence to the finest mesh at 10 times the refinement, meaning max-
imum element sizes of 0.25 nm near the electrode and 0.25 µm in the middle of
the separator, the change in values is very small, both in magnitude and as a rel-
ative percentage of the original values. Increasing the mesh to 10 times finer also
increased computational time from minutes to hours, thereby removing the advant-
age of a simplified, 1-D geometry. Therefore, the results presented in this work are
those using the coarsest mesh.
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Figure 2.A.3: Simulations of species concentrations in the a) anolyte reservoir for
6.5 V, b) catholyte reservoir for 6.5 V, c) anolyte reservoir for 5.5 V, and
d) catholyte reservoir for 5.5 V. The time scales of electrolyte depletion
become evident when viewed here, with the 6.5 V case depleting in
approximately 165 minutes and the 5.5 V case not yet fully depleted
after 200 minutes. The simulation conditions are the same as those
in Figure 2.8, namely 1 bar, 298.15 K, and starting with 1 M Na2CO3.

2.A.5. CURRENT PROFILES WITHOUT CO2 STRIPPING
Figure 2.A.5 shows the simulation results of replacing the CO2 stripping term in
Equation (2.B.28) with kCO2, degas(nCO2, An − cCO2, solVAn)), where kCO2, degas
is a volumetric mass transfer coefficient of 2 s-1 representing the rate of CO2 de-
gassing due to the reaching solubility limit and cCO2, sol is the solubility concentration
of CO2 in 0.5 molal NaHCO3 of 23.8 mM (absent data on a 1 M solution). [68] The
value of 2 s-1 was chosen because it was the highest value of kCO2g reached dur-
ing the simulations, ensuring that we are comparing the case with CO2 stripping
to a case where CO2 removal from solution is not limited by anything other than a
concentration difference with solubility. The results show that the passive removal
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Figure 2.A.4: Mesh refinement study for the case of 7.5 V cell potential, showing
the difference over time in a) current, and b) anolyte pH, as well as
the relative difference over time in c) current, and d) anolyte pH. The
values plotted are comparing the finer meshes (2x, 5x, and 10x) to
the coarsest mesh (1x) used for the plots published in Chapter 2. The
labels of 1x, 2x, 5x, and 10x, refer to the factor by which the max-
imum mesh element sizes are reduced, where 10x represents the
finest mesh. Their details are shown in Table 2.A.1.

of CO2 due to reaching the solubility limit is insufficient to account for the experi-
mental results. What is observed experimentally and needed in the simulations is a
stronger driving force for CO2 removal than simply the dissolved gas concentration
exceeding the solubility limit.



2.A. APPENDIX - ADDITIONAL SIMULATION RESULTS

2

33

Table 2.A.1: List of mesh parameters used in the simulation and from the mesh
refinement study, where the results of Chapter 2 are using the coarsest
mesh, 1x.

1x 2x 5x 10x

Maximum element size in near-electrode regions
(nm)

2.5 1.25 0.5 0.25

Number of mesh elements in near-electrode re-
gions

120 240 600 1200

Maximum element size in middle of separator
(µm)

2.5 1.25 0.5 0.25

Number of mesh elements in middle of separator 325 649 1622 3244
Total number of mesh elements 445 889 2222 4444

0 50 100 150 200

0

10

20

30

40

50

60

C
u

rr
e

n
t (

A
)

Time (min)

Experimental

Simulation

7.5 V

6.5 V

5.5 V

0.0

0.2

0.4

0.6

0.8

1.0

1.2 C
u

rren
t D

e
n

sity ( A
 cm

-2)

a)

0 50 100 150 200

7.0

8.0

9.0

10.0

11.0

12.0

A
no

ly
te

 p
H

Time (min)

7.5 V
6.5 V

5.5 V

b)

Simulation

Experimental

Figure 2.A.5: Plot of a) the simulated current and b) the simulated anolyte pH in the
case where CO2 simply degasses after reaching the solubility limit
rather than being actively removed by physical gas stripping, com-
pared to experimental results. All parameters, including 1 bar pres-
sure, 298.15 K temperature, and beginning with 1 M Na2CO3, were
otherwise kept the same. The agreement of both current and pH
versus time is noticeably worse than what is shown in Figures 2.4
and 2.6a. The simulated current lowers too early compared to the ex-
perimental results and the anolyte pH is overall far too low.
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2.B. APPENDIX - SIMULATION DETAILS
2.B.1. MODEL GEOMETRY AND OPERATING PARAMETERS
By reducing the simulation from 3-D to 1-D, the complexity of the simulation is
greatly reduced. Some of the details of the 3-D experimental geometry must still be
included in order to properly evaluate the system. The temperature and pressure
were also kept constant throughout the simulation. These parameters are included
in Table 2.B.1.

Table 2.B.1: List of the geometric and operating parameters used in the simulation

Symbol Parameter Value Unit

AElec Geometric electrode surface area 60 cm2

VAn, Start Initial anolyte volume 0.35 L
VCath, Start Initial catholyte volume 0.35 L

LSep Separator length 500 µm
 Electrode chamber thickness 5 mm
y Electrode chamber width 10 cm
z Electrode height 5 cm

T Temperature 298.15 K
P Pressure 1 bar

2.B.2. MODEL HOMOGENEOUS REACTION KINETICS
For numerical convergence, the majority of the chemical reactions were modeled in
terms of the concentrations of H+. The formulations used in the model and their cor-
responding homogeneous reaction rate expressions are shown in Equations (2.B.1)
– (2.B.6). In Equation (2.B.1), carbonic acid (H2CO3) has been rewritten as CO2 +
H2O, as carbonic acid quickly dissociates at standard conditions. Table 2.B.2 shows
the reaction rate constants for the listed homogeneous reactions.

CO2+ H2O⇋ HCO –
3 + H+ ; r1 = k1cCO2 − k−1cHCO –

3 cH+ (2.B.1)

HCO –
3 ⇋ CO 2–

3 + H+ ; r2 = k2cHCO –
3 − k−2cCO 2–

3
cH+ (2.B.2)

H2O⇋ OH–+ H+ ; r = k − k−cOH–cH+ (2.B.3)

C2O
2–
6 + 2H2O→ 2HCO –

3 + H2O2 ; r3 = k3cC2O
2–
6

(2.B.4)

2H2O2→ 2H2O+ O2 ; r4 = k4cH2O2 (2.B.5)
H2O2⇋ HO –

2 + H+ ; r5 = kH2O2cH2O2 − k−H2O2cHO –
2 cH+ (2.B.6)
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Table 2.B.2: List of the homogeneous reaction rate constants used in the simulation

Symbol Parameter Value Unit Reference

CO2+ H2O⇋ HCO –
3 + H+

pKa1 pKa of H2CO3 6.37 - [57]
Keq, 1 Acid dissociation con-

stant = 10-pKa1
4.265×10-4 mol m-3 [57]

k1 Forward rate constant 3.71×10-2 s-1 [69]
k−1 Reverse rate constant =

k1
Keq, 1

86.971 m3 s-1 mol-1 –

HCO –
3 ⇋ CO 2–

3 + H+

pKa2 pKa of HCO –
3 10.32 - [57]

Keq, 2 Acid dissociation con-
stant = 10-pKa2

4.786×10-8 mol m-3 [57]

k2 Forward rate constant 59.44 s-1 [69]
k−2 Reverse rate constant =

k2
Keq, 2

1.242×109 m3 s-1 mol-1 –

H2O⇋ OH–+ H+

Keq, w Water dissociation con-
stant

1×10-8 mol2 m-6 –

k Forward rate constant 1 mol m-3 s-1 [69]
k− Reverse rate constant =

k
Keq, w

1×108 m3 s-1 mol-1 –

C2O 2–
6 + 2H2O→ 2HCO –

3 + H2O2
k3 Reaction rate constant 3.33×10-3 s-1 –

2H2O2→ 2H2O+ O2
k4 Reaction rate constant 3.083×10-5 s-1 [62]

H2O2⇋ HO –
2 + H+

pKaH2O2 pKa of H2O2 11.6 - –
Ka, H2O2 Acid dissociation con-

stant = 10-pKaH2O2

2.51×10-9 mol m-3 –

kH2O2 Forward rate constant 2.5×102 s-1 –
k−H2O2 Reverse rate constant =

kH2O2
Ka, H2O2

9.95×1010 m3 s-1 mol-1 –
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2.B.3. MODEL INITIAL CONCENTRATIONS
The starting concentrations of ions in electrolyte were determined by using the ini-
tial pH value, the initial concentration of carbon species in the electrolyte, and the
equilibrium relationships of the carbonate system. Equations (2.B.7) and (2.B.8)
show how the starting H+ and OH– concentrations are found using the starting pH.
Equations (2.B.9) – (2.B.11) show how the initial concentration of carbon species
was calculated. The starting concentration of sodium was calculated using Equa-
tion (2.B.12) by balancing the excess negative charge from all of the other ionic
species. The starting amount of species in moles for the reservoirs was calculated
by multiplying the starting concentrations, shown in Table 2.B.3, with the initial reser-
voir volumes shown in Table 2.B.1.

cH+, Start = 10pHStart (2.B.7)

cOH–, Start = 10pHStart−14 (2.B.8)

cCO 2–
3 , Start =

Keq, 1Keq, 2
cH+, Start

2 + Keq, 1cH+, Start + Keq, 1Keq, 2
cCarbon (2.B.9)

cHCO –
3 , Start =

Keq, 1cH+, Start

cH+, Start
2 + Keq, 1cH+, Start + Keq, 1Keq, 2

cCarbon (2.B.10)

cCO2, Start =
c2H+, Start

c2H+, Start + Keq, 1cH+, Start + Keq, 1Keq, 2
cCarbon (2.B.11)

cNa+, Start =
∑


−νc, Start (2.B.12)

2.B.4. MODEL ELECTROCHEMISTRY
The equilibrium potentials were determined by the Nernst Equation shown in Equa-
tion (2.B.13).

Eeq,  = Eeq, ref,  − RT

nF

∏


�
c

c, ref

�ν
(2.B.13)

Reference concentrations were taken to be 1 M for all species, R is the ideal gas
constant, n is the number of electrons involved in the reaction, F is Faraday’s con-
stant, and ν is the stoichiometric coefficient of the species involved in the reaction.
The electrochemical kinetics were determined using the Butler-Volmer Equation,

shown in Equation (2.B.14).

j = j0
�
e

αaFη
RT − e −αcFη

RT

�
(2.B.14)
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Table 2.B.3: List of the starting concentrations used in the simulation

Symbol Parameter Value Unit

pHStart Initial electrolyte pH 11.75 -
cCarbon Concentration of dissolved carbon 1 M

cH+, Start Initial concentration of H+ 1.778×10-6 M
cOH–, Start Initial concentration of OH– 5.623×10-3 M
cCO 2–

3 , Start Initial concentration of CO 2–
3 0.964 M

cHCO –
3 , Start Initial concentration of HCO –

3 0.036 M
cCO2, Start Initial concentration of CO2 1.49×10-7 M
cNa+, Start Initial concentration of Na+ 1.970 M
cC2O

2–
6 , Start Initial concentration of C2O

2–
6 0 M

cH2O2, Start Initial concentration of H2O2 0 M
cHO –

2 , Start Initial concentration of HO –
2 0 M

In Equation (2.B.14), j is the current density, and η is the overpotential of the reac-
tion calculated internally based on the applied electrode potentials and equilibrium
potentials of the reactions. Table 2.B.4 shows the values for the electrochemical
kinetics used. It should be noted that the anodic electrochemical reactions were
also written in terms of H+ to improve numerical convergence. Due to the complex
electrochemical reaction network, it was difficult to find precise values for each reac-
tion on BDD, so values other than Eeq, ref were tuned to achieve better agreement
with experiments. The values of αa and αc deviating from 0.5 and the low values
of j0 reflect BDD’s notoriously sluggish kinetics.
The initial electrolyte potential was set as linearly decreasing from 0.7 V to 0.15 V

across the length of the 1-D domain, from anode to cathode. This initial electrolyte
potential profile was set to improve convergence and matches closely with the initial
electrolyte potential difference at 7.5 V.

2.B.5. MODEL SPECIES TRANSPORT
DIFFUSIVE TRANSPORT
The 1-D domain is modeled as amediumwith a porosity, ε, and the effective diffusiv-
ity, D,Eff, is calculated by using Bruggeman’s relation, shown in Equation (2.B.15).

D,Eff = ε3/2D (2.B.15)

In Equation (2.B.15), D is the molecular diffusivity of the species in H2O, and the
factor of 3/2 appears due to factoring in the porosity and tortuosity of the porous
medium. Table 2.B.5 shows the values of the molecular diffusivities used in the
model.
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Table 2.B.4: List of the electrochemical parameters used in the simulation. The an-
odic reactions’ exchange current densities are multiplied by a concen-
tration factor following the simplified form from Kulikovsky in the case
of reactions far from equilibrium. [70]

Symbol Parameter Value Unit

Oxygen Evolution Reaction
Eeq, ref Equilibrium reference potential 1.23 V vs SHE
j0 Exchange current density 1×10-8× cOH–

cOH–, Start
A m-2

αa Anodic charge transfer coefficient 0.22 –
αc Cathodic charge transfer coeffi-

cient = 1 - α
0.78 –

C2O 2–
6 Generation Reaction

Eeq, ref Equilibrium reference potential 2.00 V vs SHE
j0 Exchange current density 4×10-5× cCO 2–

3
cCO 2–

3 , Start
A m-2

αa Anodic charge transfer coefficient 0.23 –
αc Cathodic charge transfer coeffi-

cient = 1 - α
0.77 –

Anodic Oxidation of H2O2
Eeq, ref Equilibrium reference potential 0.67 V vs SHE
j0 Exchange current density 4×10-9× cH2O2

cH2O2, ref
A m-2

αa Anodic charge transfer coefficient 0.20 –
αc Cathodic charge transfer coeffi-

cient = 1 - α
0.80 –

Hydrogen Evolution Reaction
Eeq, ref Equilibrium reference potential 0.00 V vs SHE
j0 Exchange current density 1.16×10-2 A m-2

αa Anodic charge transfer coefficient
= 1 - αc

0.70 –

αc Cathodic charge transfer coeffi-
cient

0.30 –

Electrical Circuit Parameters
ECircuit Externally applied voltage 5.5, 6.5, 7.5 V
ECath Electrode potential on cathode -1 V
EAn Electrode potential on anode =

ECircuit + ECath
4.5, 5.5, 6.5 V

Rohmic External ohmic resistance 0.015 Ω
R̂Film Film resistance = Rohmic × AElec 9×10-5 Ω·m2
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Table 2.B.5: List of the molecular diffusivities for the species in the simulation.
Some species are short-lived (C2O

2–
6 ) or their diffusivities are not lis-

ted (HO –
2 ). In these cases, the value was copied from another relevant

species (CO 2–
3 and H2O2, respectively).

Symbol Parameter Value Unit Reference

ε Porosity 0.5 - –
DH+ Molecular diffusivity of H+ 9.312×10-9 m2 s-1 [71]
DOH– Molecular diffusivity of OH– 5.260×10-9 m2 s-1 [71]
DCO 2–

3
Molecular diffusivity of CO 2–

3 8.050×10-10 m2 s-1 [72]
DHCO –

3 Molecular diffusivity of HCO –
3 1.105×10-9 m2 s-1 [71]

DCO2 Molecular diffusivity of CO2 1.910×10-9 m2 s-1 [73]
DNa+ Molecular diffusivity of Na+ 1.334×10-9 m2 s-1 [71]
DC2O

2–
6

Molecular diffusivity of C2O
2–
6 8.050×10-10 m2 s-1 DCO 2–

3
DH2O2 Molecular diffusivity of H2O2 1.389×10-9 m2 s-1 [74]
DHO –

2 Molecular diffusivity of HO –
2 1.389×10-9 m2 s-1 DH2O2

MIGRATIVE TRANSPORT
The electrical mobility of the individual species was determined by the Nernst-
Einstein relation, shown in Equation (2.B.16).

μ =
D, Eff

RT
(2.B.16)

CONVECTIVE TRANSPORT
The electro-osmoticmobility,M, was calculated by using theHelmholtz-Smoluchow-
ski equation assuming no pressure gradients across the porous separator. This is
shown in Equation (2.B.17), where ε0 is the permittivity of free space. The other
parameters are shown in Table 2.B.6. The values depend strongly on the surface
and electrolyte in question and are not well-defined for 1 M Na2CO3 electrolyte with
Zirfon Perl UTP 500, so values in a typical order of magnitude were chosen and
tuned to match experiments. For comparison, the effective values of ζ and εr for 1
M KOH electrolyte and Zirfon Perl UTP 500 reported by Haverkort and Rajaei were
15 mV and 77, respectively, when incorporating porosity and tortuosity. These
values were based on fitting of M using a version of Equation (2.B.17) without a
dependence on porosity and tortuosity. [41] The electro-osmotic velocity was then
calculated by multiplying the electro-osmotic mobility with the electrolyte potential
gradient, as shown in Equation (2.B.18).

M =
ε3/2εrε0ζ

μ
(2.B.17)
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 = −M∇φ (2.B.18)

Table 2.B.6: List of the parameters used to calculate electro-osmotic flow.

Symbol Parameter Value Unit

εr Relative permittivity 60 –
ζ Zeta potential 20 mV
μ Electrolyte viscosity 1×10-3 Pa s

2.B.6. MODEL CO2 STRIPPING
The physical stripping of dissolved CO2 was included in the model by using the ana-
lytical relations from Haverkort shown in Equations (2.B.19) – (2.B.28). [75] Using
the Stokes rise velocity (S) of a bubble from Equation (2.B.19), the Reynolds num-
ber of a bubble (Reb) and the Schmidt number of the electrolyte (Sc) can be calcu-
lated as per Equations (2.B.20) and (2.B.21). The correlation of Ranz and Marshall
in Equation (2.B.22) gives the Sherwood number (Sh), which can be used to find
the mass transfer coefficient of CO2 into a bubble, k, CO2, using Equation (2.B.23).
Next, the current density going to produce gas bubbles by electrochemical reac-
tions, jGas, is calculated using Equation (2.B.24). Using the geometry of the system
and the above calculated values, a critical height, zc, and average gas fraction,
εg, Avg, can be found using Equations (2.B.25) and (2.B.26), respectively. Then,
the surface area to volume ratio, g, for a volume with an average gas fraction and
fixed bubble diameter is given by Equation (2.B.27). Finally, the terms are com-
bined with the anolyte reservoir CO2 amount to give a CO2 stripping rate, ṅCO2 strip,
in Equation (2.B.28). Equation (2.B.29) models the gradual uptake of atmospheric
CO2 into the catholyte reservoir more simply, using a mass transfer coefficient of
a reasonable order of magnitude for a stirred reservoir, a concentration difference
based on CO2 solubility, and the surface area of the reservoir that was in contact
with the atmosphere. Equations (2.B.28) and (2.B.29) are the extra terms added to
Equation (2.16) to account for the movement of CO2(g). The parameters used are
shown in Table 2.B.7.

S =
d2bgΔρ

18μ
(2.B.19)

Reb =
ΔρSdb

μ
(2.B.20)

Sc =
μ

ρlDCO2

(2.B.21)

Sh = 2 + 0.6Re1/2b Sc1/3 (2.B.22)
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k, CO2 =
DCO2Sh
db

(2.B.23)

jGas =
jOER

nOER
+

jH2O2 An Ox

nH2O2 An Ox
(2.B.24)

zc =
εg, Max(S +Wl)

jGasVm/F
(2.B.25)

εg, Avg = εg, Max
z/(2zc)

1 + z/(2zc)
(2.B.26)

g =
6εg, Avg
db

(2.B.27)

ṅCO2 strip = −k, CO2

�
nCO2, An

�
g (2.B.28)

ṅCO2 uptake = k, CO2 uptake

�
cCO2, Sol −

nCO2, Cath

VCath

�
ARes (2.B.29)

Table 2.B.7: List of the parameters used to calculate CO2 stripping rates. Some of
the other necessary parameters relating to geometry can be found in
Table 2.B.1.

Symbol Parameter Value Unit

db O2 gas bubble diameter 80 µm
g Acceleration of gravity 9.8 m s-2
Δρ O2-Electrolyte density difference 1000 kg m-3

ρl Electrolyte density 1000 kg m-3

εg, Max Maximum gas fraction 1 –
Wl Vertical liquid velocity in electrolyzer cham-

ber
8.33 mm s-1

Vm Molar volume of gas at 298.15 K, 1 bar 24.79 L mol-1
k, CO2 uptake CO2 uptake mass transfer coefficient 1×10-4 m s-1
cCO2, Sol CO2 solubility concentration in water 32.95 mM
ARes Reservoir-Atmosphere interface area 70 cm2





3
ACCUMULATING HYDROGEN
PEROXIDE AT LABORATORY

SCALE

ABSTRACT
The anodic co-production of hydrogen peroxide (H2O2) during alkaline water elec-
trolysis has gained interest as a sustainable alternative for anthraquinone oxidation.
However, electrochemical H2O2 production is often studied with idealized laborat-
ory setups to determine the H2O2 formation kinetics. In this work, we perform the
reaction with industrially relevant operating principles using a flow cell with separ-
ately recirculating anolyte and catholyte. We then fit the data to an analytical model
that we derive based on mole balances that accounts for anodic generation, anodic
oxidation, and bulk disproportionation of H2O2, as well as electrolyte volumes and
electrode surface area. We performed experiments at 100, 200, and 300 mA cm-2

to derive values for the reaction system. At 200mA cm-2, we found a generation rate
of 0.037 mmol min-1 cm-2 (FEH2O2 = 59%) and an anodic decomposition rate con-
stant of 0.304 cm min-1, with a bulk disproportionation rate constant of 1.85×10-3
min-1. We successfully applied our model to two sources in literature to derive val-
ues for their systems as well. In all cases, the contribution of anodic oxidation of
H2O2 was found to be the larger loss mechanism in comparison to bulk dispropor-
tionation. Using the analytical model, we show that decreasing the reservoir volume
is a simple way to increase the H2O2 concentration over time. Further refinement
of the model can be achieved through the use of mass transfer relationships based

The work in this chapter has been published as S. A. Phadke, W. de Jong and J. W. Haverkort. ‘An
experimentally validated model for anodic H2O2 production in alkaline water electrolysis and its im-
plications for scaled-up operation’. In: Electrochimica Acta 491 (2024), p. 144258. DOI: 10.1016/j
.electacta.2024.144258 [76]
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on electrolyzer geometries to describe the anodic oxidation of H2O2 in the mole
balance equations.

3.1. INTRODUCTION
The use of electrochemistry, when powered by renewable energy resources, offers
a promising pathway for the sustainable production of chemicals. One of these
chemicals that requires a more sustainable pathway is hydrogen peroxide (H2O2),
which is used as a green oxidant in industries such as paper milling and textile
bleaching. [12, 77] However, it is currently produced by the anthraquinone oxida-
tion process, which has a large energy demand of 17.6 kWh kg-1 due to high solvent
use and separation requirements. [13, 78, 79] A more sustainable route would be
via alkaline water electrolysis. During alkaline water electrolysis, we typically pro-
duce hydrogen gas (H2) at the cathode and oxygen gas (O2) at the anode. [80]
While research into the cathodic co-production of H2O2 via oxygen reduction reac-
tion is more commonly investigated, cathodically produced H2O2 has some notable
drawbacks. One drawback is that in order to effectively deliver oxygen to the cath-
ode, a more complex gas-diffusion electron must be used, which can lead to mass
transfer limitations. The other issue is that in cathodic H2O2 production, the valu-
able H2 product is replaced, and the anode still produces low-value O2. [81] A more
attractive alternative is to instead electrochemically produce H2O2 at the anode by
carefully selecting the anode material and electrolyte. [15] This form of paired elec-
trolysis makes use of both the cathode, by producing a valuable, carbon-free energy
carrier in H2, and of the anode, by producing a high-value commodity chemical in
H2O2 alongside O2.
The main difficulty of anodic H2O2 production is that the potential required to pro-

duce H2O2 is higher than that required to produce O2. The thermodynamic half cell
potential to produce H2O2 under alkaline conditions as per Equation (3.1.1) is 1.76
V versus the Reversible Hydrogen Electrode (RHE). Because the thermodynamic
half cell potential to produce O2 is only 1.23 V versus RHE as per Equation (3.1.2),
the generation of H2O2 at the anode is always in competition with the formation of
O2. While different anode materials may display different selectivities towards H2O2
generation over O2 evolution, there is still no reported material with 100% faradaic
efficiency to H2O2.
Much of the research into anodic H2O2 production focuses on finding more select-

ive anode materials or on elucidating the reaction mechanism. [16, 20, 22, 31, 82]
In either case, experiments are typically performed in a one-compartment cell or in
a separated H-cell configuration to study the fundamental anode performance over
time. [18, 83, 84] Experiments are also often performed with refreshed anolyte, or
single-pass anolyte in the case of flow cells, to avoid the effect of H2O2 loss mechan-
isms. [21, 85] A cation exchange membrane such as Nafion 117 is also frequently
used, presumably to prevent H2O2 crossover to the catholyte. However, this would
be inadvisable for an alkaline electrolyzer system as it inhibits the transport of hy-
droxide (OH–) anions, which allow the reaction to proceed. In order to scale up a
system for industrial electrochemical H2O2 production, we must examine how the
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system behaves with more relevant industrial operating conditions, which include
separately recirculating electrolyte flows, a porous separator material, and constant
pH and temperature throughout the reaction.
For example, operating a flow cell with single-pass anolyte using high flow rates

yields an anolyte product stream with very low H2O2 concentration. This low con-
centration results in a more difficult downstream separation to extract the product.
One could feed anolyte at lower flow rates to achieve a higher concentration, but the
total H2O2 production rate would then be lower. Such lower flow rates come with
the drawback of the unavoidable loss mechanisms, namely the anodic oxidation of
H2O2 as per Equation (3.1.3) at 0.67 V versus RHE, and the disproportionation of
H2O2 in bulk electrolyte as per Equation (3.1.4). One solution would be recirculat-
ing the anolyte at high flow rates for some time before the separation stage, thus
increasing H2O2 concentration over time, easing downstream separation, and re-
ducing cost. However, recirculating anolyte comes with the same unavoidable loss
mechanisms. As H2O2-charged anolyte recirculates past the anode, the chance for
anodic oxidation of the H2O2 increases. Additionally, the increased time for recircu-
lation increases the time for bulk disproportionation to occur in the anolyte reservoir,
further decreasing the achieved H2O2 concentration. Therefore, wemust study how
the network of reactions behaves in the relevant case. This network of reactions is
shown schematically in Figure 3.1.1.

2OH–→ H2O2+ 2e– E◦ = 1.76 V versus RHE (3.1.1)
4OH–→ 2H2O+ O2+ 4e– E◦ = 1.23 V versus RHE (3.1.2)
H2O2+ 2OH–→ 2H2O+ O2+ 2e– E◦ = 0.67 V versus RHE (3.1.3)
2H2O2→ 2H2O+ O2 (3.1.4)

In this work, we study an industrially relevant electrolyzer system that separately
recirculates anolyte and catholyte, and includes the standard porous separator ma-
terial used in alkaline water electrolysis, Zirfon Perl UTP 500. We formulate a sys-
tem of transient mole balance equations for the process and perform experiments
to derive individual terms of the mole balance equations. The terms we derive
experimentally are the generation rate of H2O2 and the rate constant of bulk dis-
proportionation of H2O2 in the electrolyte. We then fit our experimental data to the
analytical solution of the mole balance equations, which provides the rate constant
for the oxidation of H2O2 at the anode. We repeat this analysis using data from
two references in literature that perform the reaction in a similar manner. Lastly, we
simulate a change in design parameters to inform our recommendations on reactor
and system design.

3.2. ANALYTICAL MODEL FOR H2O2 ACCUMULATION
3.2.1. LIST OF SYMBOLS
Table 3.2.1 lists the variables used in this chapter and their accompanying units,
chosen for better comparison with literature values.
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H2O2

H2O2 + 2 OH−

2 H2O + O2

4 OH−

2 H2O + O2

2 OH−

2 e−

4 e−

2 e−

Anode

2 H2O2 → 2 H2O + O2

Bulk

Figure 3.1.1: A simplified schematic of the reactions detailed in Equations (3.1.1)
– (3.1.4) occurring in the anode chamber of the electrolyzer, with the
anode wall on the left.

3.2.2. MOLE BALANCE EQUATIONS
We follow the analysis method outlined by Pickett involving two separate mole bal-
ances, one over the electrolyzer, and the other over the electrolyte reservoir. [86]
In our analysis, we interchangeably use the terms “electrolyzer” and “electrolyzer
volume” to denote the anode chamber and the volume of the anode chamber, be-
cause they are the system under investigation. A simplified diagram of the system
is shown in Figure 3.2.1. The mole balance over the electrolyzer is written in Equa-
tion (3.2.1),

VE
dcout

dt
= Q̇cin − Q̇cout + SAElec − kAEleccout − kbVEcout (3.2.1)

where VE in L is the volume of the anode chamber, cout(t) in mM is the concen-
tration of H2O2 out of the electrolyzer, t in min is time, Q̇ in L min-1 is the volumetric
flow rate of electrolyte, cin(t) in mM is the concentration of H2O2 going into the
electrolyzer, S in mmol min-1 cm-2 is the constant anodic generation rate of H2O2,
AElec in cm2 is the geometric anode surface area, k in cm min-1 is the rate con-
stant for anodic oxidation of H2O2 as per Equation (3.1.3), and kb in min-1 is the
rate constant for bulk disproportionation as per Equation (3.1.4). Note that these
units require the anodic oxidation term, kAElec, to be multiplied by a conversion
factor of 0.001 L cm-3, which carries throughout.
A similar mole balance is expressed in Equation (3.2.2) for the change in concen-

tration across the electrolyte reservoir,
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Table 3.2.1: List of symbols used in Chapter 3 with units.

Symbol Parameter Units

VE Volume of Anolyte in Anode Chamber L
VR Volume of Anolyte in Reservoir L
VA Total Anolyte Volume L
cout H2O2 Concentration Out of Electrolyzer mM
cin H2O2 Concentration Into Electrolyzer mM
t Time min
Q̇ Electrolyte Flow Rate L min-1
S H2O2 Generation Rate mmol min-1 cm-2

k H2O2 Anodic Decomposition Rate Constant cm min-1
kb H2O2 Bulk Disproportionation Rate Constant min-1
kc H2O2 Crossover Rate Constant cm min-1
AElec Electrode Area (Geometric) cm2

ASep Separator Area (Geometric) cm2

ξ Extent of Reaction -
j Current Density mA cm-2

FEH2O2 Faradaic Efficiency to H2O2 %
DEff Effective Diffusion Coefficient cm2 s-1
LSep Separator Thickness cm

VR
dcin

dt
= Q̇cout − Q̇cin − kbVRcin (3.2.2)

where VR in L is the reservoir volume. The total anolyte volume, VA in L, is
equal to VE + VR. This definition treats the small volume of electrolyte in the tubing
between electrolyzer and reservoir as belonging to the reservoir, and is addressed
in Section 3.3.1. The terms involving S and k appear only in the electrolyzer mole
balance, while the term involving kb appears in both balances, as bulk dispropor-
tionation can occur everywhere.

3.2.3. ASSUMPTIONS
We assume a perfectly mixed anode chamber due to bubble mixing and flow such
that the outlet concentration of the electrolyzer, cout(t), is the concentration every-
where in the anode chamber, including the anode surface. This assumption is ac-
ceptable for systems with low single-pass conversion rates, which for our system
was between 0.9% and 3.0%, validating the assumption. We similarly assume a
perfectly mixed anolyte reservoir, which we achieve experimentally via magnetic
stirring. We also assume that VA, VE, VR, and Q̇ are constant.
In Equation (3.2.1), we express the anodic oxidation of H2O2 as a surface reaction

described by a first order rate equation using a homogeneous H2O2 concentration
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Anode
Chamber

out

Volume = 

Anolyte
Reservoir

in

Volume = 

Cathode
Chamber

in out

in out

Figure 3.2.1: A simplified diagram of the overall system. The dashed boxes indicate
the boundaries of the mole balance equations.

in the electrolyzer. This is a simplifying assumption for a surface concentration that
would actually involve a mass transfer term, [80] but it allows us to more easily ex-
press the reaction term without involving more complex mass transfer relationships
for various electrolyzer geometries. Incidentally, a mass transfer limited reaction
would also be expected to be a first order reaction, so this generalized form may
cover more than one possible situation.
We assume that only the reactions in Equations (3.1.1) – (3.1.3) take place at

the anode. We further assume that S is constant, although in reality there will be
a ratio of how much current goes towards H2O2 generation versus H2O2 oxidation,
O2 evolution, or any other side reactions at the anode. Finally, we assume that
there is no loss of H2O2 due to crossover into the catholyte. This was observed
experimentally and further examined in Section 3.4.4.

3.2.4. SOLUTIONS
Equation (3.2.2) can be rearranged to solve for cout(t) as a function of cin(t), and
then differentiated to find an expression for dcout(t)/dt as a function of cin(t).
These expressions can be used to eliminate cout from Equation (3.2.1), leading
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to the second order, non-homogeneous differential equation in Equation (3.2.3),

d2c

dt2
+

�
Q̇

VE
+

Q̇

VR
+
kAElec

VE
+ 2kb

�
dc

dt

+
�
Q̇
�
kAElec

VEVR
+

kb

VR
+
kb

VE

�
+
kAEleckb

VE
+ k2b

�
c =

SAElecQ̇

VEVR

(3.2.3)

where we have dropped the subscript of cin(t) and examine simply c(t) in mM,
the concentration of H2O2 in the anolyte reservoir over time.
We make a final simplification of Equation (3.2.3) for the case that the flow rate,

Q̇, is very large. The full solution to Equation (3.2.3) and the justification of the high
flow rate assumption are shown in Sections 3.A and 3.B. In the case of large Q̇,
the Q̇ term cancels out and we obtain the first order differential equation in Equa-
tion (3.2.4).

dc

dt
=

SAElec

VE + VR
− kAElec

VE + VR
c − kbc (3.2.4)

Using the initial condition that c(t) = 0 at t = 0, we reach the final result in
Equation (3.2.5).

c =
SAElec

kA + kb(VE + VR)

�
1 − e−

�
kAElec
VE+VR

+kb
�
t
�

(3.2.5)

As t approaches ∞, we find the expected steady state concentration in Equa-
tion (3.2.6), which takes the form of the H2O2 generation term over a weighted sum
of the H2O2 decomposition terms.

csteady state =
SAElec

kAElec + kb(VE + VR)
(3.2.6)

We can also define an extent of reaction, 0 ≤ ξ < 1, such that ξc(t) is the frac-
tion of the steady state concentration reached in the anolyte. Using this definition
and solving for tξ, the time it takes to reach ξ fraction of the steady state concen-
tration, we arrive at Equation (3.2.7).

tξ =
ln(1 − ξ)�
kAElec
VE+VR

+ kb
� (3.2.7)

3.3. METHODS
3.3.1. MATERIALS
Experiments were performed using a flow cell constructed of laser-cut PMMA
sheets with silicone and EPDM gaskets layered in between, compressed together
with bolts. Titanium plates were used as current collectors, and the electrodes
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were kept at a distance of 0.7 cm to the separator. The anode and cathode
chamber dimensions were 3 cm wide by 4 cm tall by 0.7 cm deep (VE = 0.0084
L). The cathode was nickel fiber felt (12 cm2, geometric) from Hebei Aegis Metal
Materials Co., Ltd, 0.4 mm thickness, with 40 µm fiber diameter and 60% porosity.
The anode was boron-doped diamond (2.5 cm×4 cm = 10 cm2, geometric) from
NeoCoat on a niobium substrate, with 5 µm thick, p-doped, 2500 ppm boron
doping, polycrystalline coating. The separator used was the porous diaphragm,
Zirfon Perl UTP 500 (Agfa) with a thickness of 500 µm. The electrolyte used was
1 M Na2CO3 (Merck-Sigma, ACS Reagent, ≥ 99.5%, powder or granules) plus
11 g L-1 (approximately 90 mM) Na2SiO3 (Merck-Sigma, SKU 307815). Flow was
maintained at 0.1 L min-1 using a Longer BT100-3J peristaltic pump with DG15-24
two-channel pump head, with the anolyte and catholyte recirculated separately.
The tubing for anolyte held a volume of 8.04 cm3, which was negligible compared
to the anolyte volume of VA = 0.4 L. The anolyte reservoir was magnetically stirred
to ensure good mixing.
Because S, k, and kb are expected to vary based on temperature, pH, electro-

lyte composition, presence of a stabilizer, etc., these parameters were kept con-
stant across all experiments. The anolyte pH was maintained between 13.25 and
13.10, just above the base electrolyte pH of 13.10, by manual monitoring and addi-
tion of aliquots of 5 M NaOH (Merck-Sigma, ACS Reagent, ≥ 97.0%) solution. The
high NaOH concentration served to reduce the amount of anolyte volume change
upon NaOH addition. The overall combination of reaction, sampling, NaOH addi-
tion, and any possible liquid flux through the porous separator resulted in overall
volume changes of < 10% over 7 hours across all experiments. The temperature
was controlled to be just under room temperature, at approximately 16 ± 1 °C, by
immersing the anolyte reservoir in a cold water bath. The anolyte pH and temperat-
ure were measured using a Prominent PHEP-H 314 SE sensor and a Prominent Pt
100-SE sensor, respectively. Catholyte was recirculated for all experiments, with
no maintenance of pH or temperature. Fixed current (galvanostatic operation) was
supplied at 1.0, 2.0, or 3.0 A in two-electrode operation using an OWON SPE6103
power supply. Figure 3.3.1a shows a photo of the experimental setup and Fig-
ure 3.3.1b shows the typical curves for pH and temperature in the anolyte reservoir
over time during an experiment with recirculating flows.

3.3.2. H2O2 QUANTIFICATION
The H2O2 concentration was quantified using the potassium permanganate
(KMnO4) titration method as outlined by Gill et al. [56] In short, the method
comprises of taking a sample of electrolyte (typically 2.5 mL) and immediately
acidifying with equal volume of a 1:5 dilution of H2SO4 (Merck-Sigma, 95%-98%,
ACS Reagent) in milli-Q water. Electrolyte samples from both anolyte and catholyte
were taken from the reservoirs at regular intervals. For single-pass experiments,
electrolyte was sampled directly from the reactor outflow. The titrant used was a
2 mM solution of KMnO4, diluted ten-fold from stock solution (Merck-Sigma, 0.02
M, standardized against oxalate, Titripur). To start, three drops of 2 mM KMnO4
solution were added to the magnetically stirred, acidified sample until the pink
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Figure 3.3.1: a) Photo of the experimental setup with 1) power supply 2) two-
channel peristaltic pump 3) pH and temperature sensors 4) Anolyte
reservoir with magnetic stirring and external container for cold water
bath 5) electrochemical flow cell with cathode compartment near and
anode compartment away 6) catholyte reservoir. b) Plot of the main-
tained pH and temperature of the anolyte reservoir for a typical ex-
periment with recirculating flows. The vertical spikes in pH were the
moments of NaOH solution addition, and are required less frequently
as the pH of the catholyte slowly increases during the experiment.

color disappeared (starting the reaction). These three drops defined the limit of
quantification for a 2.5 mL sample to be 0.3 mM. The titrant was further added
drop-wise until a light-pink color remained in the sample, indicating the titration
endpoint.

3.3.3. DETERMINATION OF GENERATION RATE, S
The majority of literature shows that for fresh electrolyte passed across the anode,
the generation of H2O2 tends to be constant over time for a fixed operating potential.
[21, 85] This observation could also be reasoned for an electrode that is very stable
over time, such as boron-doped diamond. So for a corresponding fixed current
density, this formation rate can be expressed as,

S =
Q̇csingle pass

AElec
=

j

nF
FEH2O2 (3.3.1)

where csingle pass is the H2O2 concentration achieved in electrolyte flown in single-
pass over the anode, j is the current density, n = 2 is the ratio of moles of electrons
to moles of H2O2, F is Faraday’s constant, and FEH2O2 is the faradaic efficiency to-
wards H2O2. The generation rate, S, for a single current density can be experiment-
ally quantified by flowing electrolyte in single-pass at a high flow rate and measuring
the outlet H2O2 concentration immediately. The high flow rate and quick measure-



3

52 3. ACCUMULATING HYDROGEN PEROXIDE AT LABORATORY SCALE

ment ensure that the residence time for anodic oxidation and the time for bulk dis-
proportionation are low enough to be negligible. Figure 3.3.2 shows the schematic
of the flow setups of the experiments. The first expression in Equation (3.3.1) can
be used to find a value for S from the experiment, while the second can be used to
calculate the faradaic efficiency.

3.3.4. DETERMINATION OF BULK DISPROPORTIONATION RATE
CONSTANT, kb

The experimental determination of the rate constant for bulk disproportionation, kb,
required first running the electrolyzer with recirculating flow in order to charge the
anolyte with H2O2. After two hours of operation with pH and temperature main-
tained, the electrolyzer contents were drained into the reservoirs, and samples of
anolyte were periodically taken for H2O2 quantification. This procedure was per-
formed for three different current densities in order to compare concentration curves
with different initial concentration values.

H2

Anolyte Catholyte
Single-Pass 

Anolyte
Collection

H2O2 + O2

A
no

de

C
ath

ode

Separator

Volume = VE
Volume = VR

10 cm2

0.7 cm

Flow Rate = Q̇ Flow Rate = Q̇

Figure 3.3.2: Diagram of the different flow configurations (not to scale). The solid ar-
row leaving the anode chamber and returning to the anolyte reservoir
represents recirculating flow, while the dashed arrow leaving the an-
ode chamber towards a separate collection vessel represents single-
pass flow. For recirculating flow, anolyte is sampled from the reservoir.
For single-pass flow, anolyte is sampled directly from the outlet of the
anode chamber, not the collection vessel.

3.3.5. NUMERICAL FITTING OF ANODIC DECOMPOSITION RATE
CONSTANT, k

Because the anodic oxidation of H2O2 is an electrochemical reaction, k is expec-
ted to increase as the cell potential increases. However, due to its lower thermo-
dynamic half cell potential of E◦ = 0.67 V versus RHE compared to the generation
of H2O2 at 1.76 V versus RHE, these two reactions are in direct competition. As
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such, k cannot be independently measured. Instead, after experimentally deriv-
ing values for S and kb as described in Sections 3.3.3 and 3.3.4, the electrolyzer
is run for seven hours with recirculating flow. Samples of electrolyte are taken for
H2O2 quantification as described in Section 3.3.2. With the known values of VE and
VR, the data points of c(t) for a given current density are fitted to Equation (3.2.5)
in Python using the ‘curvefit’ function from the SciPy module. This function runs
a non-linear least squares regression to find the best fit. Fitted parameters were
given no constraints and only supplied with an initial guess to ease computation.

3.4. RESULTS AND DISCUSSION
3.4.1. H2O2 GENERATION VALUES
The results of the single-pass flow experiments are shown in Figure 3.4.1a. Using
the average concentrations at each of the three current densities, we use Equa-
tion (3.3.1) to calculate S = 0.017, 0.037, and 0.054 mmol min-1 cm-2 for 100, 200,
and 300 mA cm-2, respectively. The calculated faradaic efficiencies at each of the
three current densities were similar, with values of 54%, 59%, and 58% for 100, 200,
and 300 mA cm-2, respectively. These constant H2O2 generation rates and the cal-
culated faradaic efficiencies are consistent with the literature report of boron-doped
diamond materials by Mavrikis et al. using refreshed electrolyte. [85] At the same
current densities in 1 M carbonate/bicarbonate electrolyte, they report H2O2 gen-
eration rates between 0.016 and 0.076 mmol min-1 cm-2 and faradaic efficiencies
between 50% and 70% for a set of boron-doped diamond anodes.

3.4.2. H2O2 LOSS VIA BULK DISPROPORTIONATION
The results of the experiments for kb quantification are shown in Figure 3.4.1b.
Each of the curves represent a batch of anolyte that was charged with H2O2 for two
hours at 100, 200, or 300 mA cm-2 with separately recirculating flows. The power
supply was then switched off, its contents drained, and the anolyte concentration
was measured over time. Literature indicates that the disproportionation of H2O2
should be a first order decomposition reaction. [62] Examining the data, we see
a constant slope on a semi-log plot for all three data sets, indicating a first order
decomposition reaction with an average rate constant of 1.85×10-3 min-1. This
value is consistent with the value for bulk disproportionation found by Li et al., who
used an electrolyte of 2 M KHCO3 at room temperature, and Lee et al., who studied
H2O2 decomposition for a range of electrolytes including Na2CO3 with Na2SiO3
stabilizer. [62, 87]

3.4.3. FULL SYSTEM - FITTING DATA TO FIND k
After deriving S and kb, we now perform seven hour experiments with separately
recirculating electrolyte, a porous Zirfon separator, and with anolyte pH and temper-
ature maintained. Figure 3.4.2 shows the accumulation of H2O2 over time in the sys-
tem, along with the fit for Equation (3.2.5). The fitted values for k are 0.136, 0.304,
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Figure 3.4.1: a) The constant generation of H2O2 under single-pass flow for a given
current density. The dashed lines indicate the average measured con-
centrations over one hour of 1.68, 3.65, and 5.40mM for 100, 200, and
300 mA cm-2, respectively. These average concentrations are used
to calculate S = 0.017, 0.037, and 0.054 mmol min-1 cm-2, in order of
increasing current density. b) Comparison in semi-log scale of the ho-
mogeneous decomposition of H2O2 in anolyte from different starting
concentrations without applied current. These starting concentrations
were achieved by operating the electrolyzer with recirculating electro-
lyte flow for two hours at different current densities. Dashed lines are
linear regressions of the data sets. These data sets share a constant
slope, indicating a first order bulk disproportionation reaction with an
average rate constant of kb = 1.85×10-3 min-1.

and 0.349 cm min-1 for 100, 200, and 300 mA cm-2, respectively. The modified
anodic decomposition term as it appears in Equation (3.2.4), (kAElec)/(VE + VR),
was calculated to be 3.40×10-3, 7.59×10-3, and 8.73×10-3 min-1, in order of in-
creasing current density. These values are all greater than kb = 1.85×10-3 min -1,
indicating that the anodic oxidation of H2O2 in the anolyte was the dominant loss
mechanism in our system. The fit appears to match the experimental results well,
though there is a slight underprediction of the concentration at t < 240 min and a
slight overprediction of the steady state concentration at t > 360 min. This likely
originates from our definition of the constant generation of H2O2. In the case of
a competing surface reaction, S would no longer be constant, but be expected to
decrease over time as c(t) increased over time, due to the increased rate of an-
odic oxidation. Nevertheless, the fit is good and displays the expected trend of
increasing k with increasing current density.
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Figure 3.4.2: Seven-hour experiments for the anodic production of H2O2 with recir-
culating anolyte. The dashed lines show Equation (3.2.5) using fitted
k values of 0.136, 0.304, and 0.349 cm min-1 for 100, 200, and 300
mA cm-2, respectively.

3.4.4. EXCLUSION OF CROSSOVER EFFECTS
It was observed that the H2O2 concentration in the catholyte was always at or below
the limit of quantification (0.3 mM as mentioned in Section 3.3.2). This indicated
that either the decomposition of H2O2 in the catholyte far outpaced the diffusive flux
through the Zirfon separator, or that the diffusive flux itself was negligible. At pH
greater than the pKa of H2O2 (11.7), the H2O2 exists primarily in its deprotonated
form as HO –

2 . This anion experiences a force of electric migration towards the
anode, which is in the opposite direction of the diffusive flux. We therefore reason,
as we operate at pH> 13, that nearly all of the anodically produced H2O2 is retained
in the anolyte. To confirm this, we modify Equation (3.2.1) to add a term to account
for H2O2 crossover, −kcASepcout(t), where ASep is the separator surface area. The
kc term can be calculated by analogy to Fick’s law for diffusion across the separator,
assuming a concentration of zero on the cathode side, as per Equation (3.4.1),

kc =
DEff

LSep
(3.4.1)

where kc in cm min-1 is the rate constant for crossover, DEff is the effective dif-
fusion coefficient, and LSep is the thickness of the separator. Using the values
of our setup (ASep = 12 cm2 and LSep = 0.05 cm) and assuming a typical liquid
diffusion coefficient at ambient temperature of DEff = 1×10-5 cm2 s-1, we find kc
= 2.0×10-4 cm min-1. The modified crossover term as it would appear in Equa-
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tion (3.2.4), (kcASep)/(VE + VR), was calculated to be 3.60×10-4 min-1. Compar-
ing this value to the anodic decomposition terms that we found in Section 3.4.3 (all
≥ 3.40×10-3 min-1), we see that any effect of crossover is negligible in compar-
ison to the anodic oxidation in the anode chamber. The modified crossover term is
also negligible in comparison to the bulk decomposition rate constant of 1.85×10-3
min-1.

3.4.5. EXTENSION TO LITERATURE DATA
One of the strengths of the outlined analytical model is that knowledge of the pre-
cise details of the system are not required. Neither the specific reaction mechanism
for H2O2 generation, the particular electrolyte composition, nor the electrolyzer geo-
metry have to be taken into consideration. The only relevant parameters are the
physical dimensions (AElec, VE, and VR), the overall generation rate (S), and the
rate constants (k and kb). As such, the model remains versatile. We demonstrate
this versatility by examining two sources from literature, Pangotra et al. [34] and Li
et al. [87], and use their data to calculate rate constants as per their experimental
setups.
The setup of Pangotra et al. uses a 10 cm2 anode and an electrolyte flow rate

of 0.1 L min-1, and is very similar to our own. The main difference is that they use
Nafion 117 as a separator and keep their anolyte in an ice bath to maintain the tem-
perature. Using their data, we found a kb value of 5.70×10-4 min-1 for 2 M K2CO3
with 90 mM Na2SiO3 electrolyte. This value is about three times lower than for our
system, which is consistent with a lowered reaction rate due to lower temperatures.
We fitted their data for both S and k at the same current densities as we use, and
the fit is shown in Figure 3.4.3a. The fitted curve shows excellent agreement, likely
due to the additional free parameter available for fitting, S. Table 3.4.1 lists the com-
puted values for all of the experimental data sets analyzed. The values of S from
Pangotra et al. are comparable to ours, but the k values are much higher, partic-
ularly at 300 mA cm-2. This leads to their overall lower steady state concentrations
and their observed optimal current density of 200 mA cm-2.
The setup used by Li et al. was not a flow setup but rather a separated batch

reactor system. The anolyte was magnetically stirred to ensure mixing. Li et al.
operate their system potentiostatically, but observed a relatively constant current at
each potential, allowing our analysis to continue. While they do not maintain pH or
temperature, they operate at low currents of < 35 mA and observe a very small pH
change from 8.31 to 8.68. We therefore assume that the temperature and pH have
not changed significantly over the course of the experiment, such that the model
can still be applied. The analytical model can be reformulated by simply setting
VR and Q̇ equal to zero, which causes Equation (3.2.2) to cancel out entirely. The
resulting mole balance across the electrolyzer takes the following form.

VE
dcout

dt
= SAElec − kAEleccout − kbVEcout (3.4.2)

The solution to Equation (3.4.2), replacing cout with c, is shown in Equa-



3.4. RESULTS AND DISCUSSION

3

57

tion (3.4.3),

c =
SA

kAElec + kbVE

�
1 − e−

�
kAElec

VE
+kb

�
t
�

(3.4.3)

where VE = 0.06 L is the anolyte volume. Equation (3.4.3) takes the same overall
form as Equation (3.2.5), but setting VR equal to 0. This is a result of all reactions
taking place in the same batch reactor, without a separate reservoir. Li et al. [87]
arrive at a similar expression to Equation (3.2.5) and Equation (3.4.3) and fit it suc-
cessfully to their data. However, they combine their k and kb terms into a single
parameter and neglect the solution volume and electrode surface area. Our more
versatile analytical model based on mole balances successfully accounts for these
differences, and the fit of Equation (3.4.3) to their data is shown in Figure 3.4.3b.
Our fit matches well to the experimental data obtained by Li et al. However, the
data sets do not continue until a very clear steady state, so we cannot comment on
any underprediction or overprediction of the model with respect to time. Li et al. per-
formed a similar experiment to quantify the contribution of bulk disproportionation
as we did and found kb = 1.83×10-3 min-1. [87] This value is very close to the value
for our system, despite using a different electrolyte of 2 M KHCO3. The values of
S (calculated using data from Li et al.) are significantly lower than our values due
to the lower total current of their experiments with a 0.5 cm2 anode, but follow the
predicted trend of increasing with increasing current density (see Table 3.4.1). How-
ever, the k values (fitted) are quite large, and are comparable to those of Pangotra
et al., who operate at much higher current densities. These large anodic decom-
position rate constant values may also have led to the lower concentrations seen
in the experiments of Li et al. This result highlights the drawback of running such
a system in batch reactor, as there is a large opportunity for any produced H2O2 to
oxidize further. In contrast, a flow cell system has a lower residence time of H2O2
in the electrolyzer, thereby reducing the chance for anodic oxidation of H2O2.

3.4.6. MODEL VALIDATION AND IMPLICATIONS FOR SCALED-UP
OPERATION

The scaled-up electrochemical process to produce H2O2 with high flow rates faces
the obstacle of low single-pass conversion. A low H2O2 concentration makes later
separation and purification more difficult, and low flow rates result in overall low
product yield, thus necessitating anolyte recirculation to charge it with higher con-
centrations of H2O2. The objective of the process design should then be to maxim-
ize H2O2 concentration in the anolyte stream in the minimum required time. While
S, k, and kb are dependent on the electrode-electrolyte system chosen, AElec,
VE, VR, and Q̇ can all be easily changed as desired to fit the requirements of a
separation system or target production rate.
To validate our model’s ability to predict the change in c(t) with varying VE or

VR, we perform experiments at 200 mA cm-2 and overlay the predicted curves us-
ing fixed parameter values of S, k, and kb for different VE and VR. The results
of these experiments are shown in Figure 3.4.4. The model slightly underpredicts
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Table 3.4.1: Summary of parameter values from fitted data. Entries marked “(fit)”
were fitted using Equation (3.2.5) or Equation (3.4.3), while the others
were derived from available data. ECell indicates the full cell potential.

This Work AElec (cm2) VR (L) VE (L) Q̇ (L min-1)
10 0.3916 0.0084 0.1

S (mmol min-1 cm-2) k (fit) (cm min-1) kb (min-1)
100 mA cm-2

(ECell ∼ 5.5 V)
0.017 0.136 1.85×10-3

200 mA cm-2

(ECell ∼ 7.5 V)
0.037 0.304 1.85×10-3

300 mA cm-2

(ECell ∼ 9.1 V)
0.054 0.349 1.85×10-3

Pangotra et al.
[34]

AElec (cm2) VR (L) VE (L) Q̇ (L min-1)

10 0.191024 0.008976 0.1

S (fit) (mmol min-1 cm-2) k (fit) (cm min-1) kb (min-1)
100 mA cm-2

(ECell ∼ 4.4 V)
0.016 0.423 5.7×10-4

200 mA cm-2

(ECell ∼ 5.9 V)
0.036 0.641 5.7×10-4

300 mA cm-2

(ECell ∼ 6.7 V)
0.069 1.830 5.7×10-4

Li et al. [87] AElec (cm2) VR (L) VE (L) Q̇ (L min-1)
0.5 0 0.06 0

S (mmol min-1 cm-2) k (fit) (cm min-1) kb (min-1)
2.3 V vs RHE
(∼25 mA cm-2)

6.37×10-3 0.456 1.83×10-3

2.5 V vs RHE
(∼42 mA cm-2)

8.88×10-3 0.707 1.83×10-3

2.7 V vs RHE
(∼69 mA cm-2)

0.013 1.113 1.83×10-3
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Figure 3.4.3: Fits to data from literature sources, with open symbols to indicate data
points not from our work. See Table 3.4.1 for a summary of parameter
values. a) Dashed lines showing the fit of Equation (3.2.5) to the data
of Pangotra et al. [34] Both S and k were fitted to this data using kb
from their data. b) Dashed lines showing the fit of Equation (3.4.3) to
the data of Li et al. [87] Only k was fitted to this data using S and kb
from their data.

the effect of increasing the anolyte reservoir volume, and largely misses the effect
of changing the electrolyzer volume. The data gathered with VE = 0.0036 L was
obtained by assembling the electrolyzer using a thinner PMMA plate for the anode
chamber, altering the cell geometry and bringing the anode closer to the separ-
ator. Equation (3.2.5) predicts that changing VE while keeping VA constant should
have no change on the accumulated H2O2 concentration. However, it appears that
modeling the anodic oxidation of H2O2 as a surface reaction using a homogeneous
concentration value across the electrolyzer chamber was insufficient to model the
system. It is likely that the effect of cell geometry is too significant to be captured
by a first order expression using a homogeneous concentration. Future refinement
of this model should instead use a mass transfer expression based on electrolyzer
geometry to find a surface H2O2 concentration value and examine different electro-
lyzer geometries and current densities to validate the expression.
Because the effect of changing VR was predicted relatively well, we extend the

predictions to other values of VR, using a base case with VE = 0.0084 L and VR
= 0.3916 L as per our experimental setup. These predictions are shown in Fig-
ure 3.4.5a. As expected by examination of Equation (3.2.6), decreasing VR leads
to higher steady state concentrations. Figure 3.4.5a also shows that decreasing VR
leads to higher concentrations of H2O2 earlier in time as the anolyte is charged with
H2O2. However, due to the large change in anolyte volume with VR, the trend for the
total number of moles is reversed. Figure 3.4.5b shows the predicted accumulation
of H2O2 in moles, where a low VR achieves a correspondingly low amount of H2O2,
reversing the trend seen in Figure 3.4.5a. Therefore, the target H2O2 production
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Figure 3.4.4: Experimental validation of the model for different VE and VR at 200mA
cm-2. The lines show the predicted concentration curves for the given
parameters. The predicted concentrations for the base case and the
reducedVE case overlap completely because the total anolyte volume,
VA, was not changed. The prediction for changing VR underpredicts
the experiment, and the prediction for changing VE does not match.
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rate must be considered in tandem with the system geometry to find the optimal
design parameters and recirculation time. This could be accomplished by setting a
desired extent of reaction, ξ, or a desired reaction time, tξ, and then optimizing for
the number of moles of H2O2.
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Figure 3.4.5: Simulated results using Equation (3.2.5) at 200mA cm-2 with changing
reservoir volume, with VR = 0.3916 L and VE = 0.0084 L. a) The con-
centration of H2O2 reaches a higher steady state value more quickly
with decreasing VR. As VR approaches 0, the predicted curve ap-
proaches the case of a batch reactor. b) Simulated results for the
amount of H2O2 in mmol at 200 mA cm-2 with changing reservoir
volume, VR. Because the total electrolyte volume decreases strongly
with decreasing VR, the total number of moles produced also de-
creases.

3.5. CONCLUSIONS
The large-scale electrochemical production of H2O2 is hampered by low single-pass
conversion, and thus requires electrolyte recirculation to charge the anolyte with
enough H2O2 for further separation. Our work provides an analytical solution for
how the concentration develops over time and a methodology to find individual re-
action terms for a given system geometry. With simple experimentation, the in-
dividual rate constants for anodic generation and bulk disproportionation of H2O2
can be quantified. A rate constant for anodic oxidation can then be numerically
fitted, but this value is best taken as an estimation of the anodic oxidation for a
particular electrolyzer geometry. We found for our system, as well as two others in
literature, that the H2O2 decomposition due to anodic oxidation was always greater
than the decomposition due to bulk disproportionation. As a result of describing an-
odic oxidation using a homogeneous concentration across the electrolyzer chamber,
our analytical model predicted that changing the volume of electrolyte in the anode
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chamber would have no effect on the achieved concentration of H2O2. However,
this description was found to be unsuitable for a differing electrolyzer geometry, and
the model should be refined with a more generalized expression that accounts for
electrolyzer geometry and mass transfer in order to extend the model using surface
concentrations. We recommend that the anolyte reservoir volume, VR, be selected
to meet the target production rate at a desired reaction time, but further work can
be done to find the optimal balance between these parameters and the overall cost
of the scaled-up system.
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3.A. APPENDIX - LOW FLOW RATE SOLUTION TO
ANALYTICAL MODEL

Starting with Equation (3.2.3), we make the following substitutions:

d2c

dt2
+ α

dc

dt
+ βc = γ (3.A.1)

α =
Q̇

VE
+

Q̇

VR
+
kAElec

VE
+ 2kb

β = Q̇
�
kAElec

VEVR
+

kb

VR
+
kb

VE

�
+
kAEleckb

VE
+ k2b

γ =
SAElecQ̇

VEVR
This leads to the general solution,

c = C1e−λ1t + C2e−λ2t +
γ

β
(3.A.2)

where C1 and C2 are constants, and

λ1 =
α −Æα2 − 4β

2
; λ2 =

α +
Æ
α2 − 4β
2

Using the initial conditions that c(t) = 0 at t = 0 and dc(t)/dt = (SAElec)/VR at
t = 0, we arrive at the complete solution in Equation (3.A.3).

c =
�
SAElecβ − γλ2VR
βVR (λ2 − λ1)

�
e−λ1t −

�
SAElecβ − γλ1VR
βVR (λ2 − λ1)

�
e−λ2t +

γ

β
(3.A.3)

At t approaches∞, the steady state concentration reached can be expressed as
Equation (3.A.4),

csteady state =
γ

β
=

SAElec

kAElec + kb (VE + VR) +
kAEleckbVR

Q̇
+

k2bVEVR
Q̇

(3.A.4)

which simplifies to Equation (3.2.6) for large Q̇.
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3.B. APPENDIX - HIGH FLOW RATE JUSTIFICATION
In Section 3.2.4, we use a simplification of Equation (3.2.3) in the case of large Q̇.
Here, we fix the values of S, k, kb, AElec, VE, and VR using the values for our setup
at 200 mA cm-2, and vary Q̇ in Equation (3.A.3) to confirm that our assumption is
valid. Using a base case of Q̇ = 0.1 Lmin-1, as used in our experiments, we show the
predicted effect of changing Q̇ using Equation (3.A.3) in Figure 3.B.1. The curves
for the fastest three flow rates (2 Q̇, Q̇, and 0.5 Q̇) overlap, indicating that our flow
rate of Q̇ = 0.1 L min-1 was sufficiently fast to use Equation (3.2.5) in our analysis.
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Figure 3.B.1: Simulated results for changing flow rate, Q̇, where the highest three
flow rates (corresponding to 0.2, 0.1, and 0.05 L min-1) overlap, indic-
ating the validity of the high flow rate assumption at 0.1 L min-1.



4
PROCESS DESIGN TO SEPARATE

AND SELL HYDROGEN PEROXIDE

ABSTRACT
The recent interest in the production of green hydrogen through water electrolysis
is hampered by its high cost when compared to steam methane reforming. To over-
come this disadvantage, some studies explore replacing anodic oxygen produc-
tion with hydrogen peroxide, which has a higher value. Existing electrocatalysis
research primarily focuses on hydrogen peroxide synthesis, neglecting process
design and separation. Additionally, hydrogen peroxide’s thermodynamic instability
in alkaline conditions and the existence of other ions make the separation difficult.
This chapter proposes a novel concept for the paired water electrolysis process that
can be used to improve green hydrogen production economics through valuable
chemical co-productions. Valorizing hydrogen peroxide to sodium percarbonate as
the final product was chosen to address hydrogen peroxide separation challenges.
An electrolyzer stack of 2 MW was chosen, incorporating a recirculating structure,
and a boron-doped diamond anode to enhance the hydrogen peroxide production
as the base case. According to the techno-economic analysis, for a 2 MW electro-
lyzer stack, capital expenditure was calculated as 64.5 M€, operational expenses
as 21.6 M€, and revenue was calculated as 2.5 M€, resulting in a negative cash flow
of -19.1 M€. Results revealed that the process can be profitable (breakeven point)
at a capacity of approximately 308 electrolyzer stacks, which is 616 MW in capacity.
A sensitivity analysis was conducted to determine how cost drivers including elec-
tricity price, anode price, faradaic efficiency, price of the products and tax subsidy

The work in this chapter is based on M. Mohajeri, S. Shanbhag, E. Trasias, F. Mousazadeh, W. de
Jong and S. A. Phadke. ‘Valorization of Hydrogen Peroxide for Sodium Percarbonate and Hydrogen
Coproduction via Alkaline Water Electrolysis: Conceptual Process Design and Techno-Economic
Evaluation’. In: Industrial & Engineering Chemistry Research 64.5 (2025), pp. 2801–2815. DOI:
10.1021/acs.iecr.4c03408 [88]
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affect the breakeven point. A breakeven point of 60 electrolyzer stacks (120 MW)
was found with a 100% increase in the sodium percarbonate sale price. In com-
parison, a theoretical 100% faradaic efficiency in the anode material would result
in a breakeven point of 38 electrolyzer stacks (76 MW). Even a more realistic 75%
faradaic efficiency leads to a breakeven plant size of 75 stacks (150 MW). Further,
multiple two-parameter sensitivity analyses were conducted to assess the relations
between faradaic efficiency, sodium percarbonate sale price and anode material
price. For instance, if sodium percarbonate price increases by 100% and faradaic
efficiency increases to 75%, the breakeven capacity drops down to 13 stacks (26
MW). Despite facing economic challenges for the proposed process design based
on available technologies, the techno-economic analysis highlights key targets for
future works. It also provides valuable insights into the economic feasibility of simul-
taneously producing hydrogen and sodium percarbonate through water electrolysis,
indicating promising potential for the future.

4.1. INTRODUCTION
The issues of climate change related to greenhouse gas emissions have brought
hydrogen (H2) sharply into focus as a critical solution for the energy transition. Addi-
tionally, H2 plays a significant role in the industry as a feedstock in various industrial
processes, including ammonia, methanol, and steel production. Hydrogen is also a
clean fuel that can be used for heating, thus enhancing its importance in fostering
sustainability across a variety of sectors. Essentially, the significance of H2, and
in particular green hydrogen, lies in its capability to assist in the transition toward
cleaner energy systems, as well as revolutionize industrial processes, contributing
to global energy security and environmental sustainability. [89–93]
The steam methane reforming process remains the predominant method of pro-

ducing H2 worldwide (approximately 95%). [94] In recent years, there has been
a growing emphasis on producing green H2 through electrolysis using renewable
energy sources, such as wind and solar power. Electrolysis technologies have
gained considerable attention, particularly proton exchange membranes (PEM) and
alkaline electrolysis, because of their potential to produce H2 without carbon emis-
sions. However, the process economics are still not favorable, despite the promise
of this approach. The price range of H2 obtained by water electrolysis (2.75-7.5 €
kg-1) is still not competitive with the price range of H2 obtained via steam methane
reforming (0.5-1.5 € kg-1). [95–99]
The relatively low market value of the co-produced oxygen (32 € tonne-1) [97]

in water electrolysis is one of the economic disadvantages of the process. Recent
studies have suggested that O2 production can be substituted for valuable chem-
ical co-production in water electrolysis to lower the H2 price. Studies have shown
that anodic production of hydrogen peroxide (H2O2) is a viable co-product of water
electrolysis. [21, 97, 100, 101] Despite extensive literature coverage [102–106] of
cathodic H2O2 production via 2 e– oxygen reduction reaction (2 e– ORR), anodic
H2O2 production through 2e

– water oxidation reaction (2 e– WOR) is less common
due to the thermodynamic unfavorability of the pathway (due to the competing co-
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production of O2). The 2e
–WOR technique is the focus of the current study since it

represents a coveted electrochemical reaction pathway that can produce the valu-
able co-product H2O2 while still producing green hydrogen, making it extremely
desirable. [16, 107]
Mavrikis et al. compiled a review of the proposed reaction mechanisms of 2 e–

WOR, which are critical for the fabrication of electrocatalysts and the assembly of
electrochemical reactors. Furthermore, different electrode materials and electro-
lytes were examined in their investigation. [16] Recent developments in H2O2 pro-
duction by water oxidation, including fundamentals, materials, strategies for increas-
ing efficiency, etc. were reviewed by Xue et al. They discussed the challenges and
future works for H2O2 production by water oxidation, including material stability, and
industrial-scale analysis such as techno-economic evaluation. [108] Anantharaj et
al. identified the strategies employed in the design of catalysts for both 2 e– ORR
and 2e– WOR and proposed a few simple principles that have enabled the predic-
tion of other prospective elements within the periodic table that can also form H2O2
selective catalysts. [109] According to Perry et al., electrochemical H2O2 electrosyn-
thesis technologies have the potential to challenge the conventional anthraquinone
process to produce H2O2, but further progress is required before the electrochem-
ical route will be able to compete. Based on examining the advances made in the
fields of materials and reactor design, they concluded that further developments in
materials are crucial for improving stability and production rates as well as reducing
operating costs. [110]
Although novel 2 e–WOR electrocatalysts have shown significant promise at low

electrical currents, their electrocatalytic capabilities decrease at larger current dens-
ities. Mavrikis et al. developed modulated boron-doped diamond (BDD) films which
achieved an impressive 87% faradaic efficiency to H2O2 (FEH2O2) and produced
76.4 µmol H2O2 min-1 cm-2 while maintaining stable electrochemical performance
for 10 h at 200 mA cm-2. They also concluded that BDD is a viable candidate for the
implementation of 2 e– WOR on a large scale. [24, 85] In another study, the elec-
trochemical synthesis of H2O2 using BDD electrodes was reviewed by Espinoza-
Montero et al. BDD electrodes were found to be promising materials for anodic
H2O2 formation with their high FEH2O2 and H2O2 production rate. However, the
high cost of BDD electrodes may limit their application at an industrial scale. [23]
Using BDD as the anode, Pangotra et al. examined the effects of different para-
meters on the electrolyzer performance, including flow configuration, flow rate, and
type of electrolyte. They achieved FEH2O2 of up to 78% and a production rate of
79 µmol H2O2 min-1 cm-2 as well as current densities of up to 700 mA cm-2 over a
sustained period of 28 h. [34]
It has also been demonstrated that metal oxides and carbon-based electrodes

can produce H2O2. Despite their impressive selectivity to H2O2, this study did not
consider these materials because they have significantly low current density and
short lifetimes, making their large-scale implementation questionable. [24, 111, 112]
H2O2 electrosynthesis relies heavily on an efficient product purification strategy,

which has not yet been reported. Previous research has predominantly centered
on the synthesis of H2O2, with no reported studies focusing on its separation. This
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omission is attributed to hydrogen peroxide’s thermodynamic instability when sub-
jected to alkaline conditions. [113] As a result, the separation process has been
overlooked in favor of addressing challenges related to its synthesis, with even other
techno-economic analyses treating the separation system as a black box. [97, 114]
To the best of our knowledge and investigation, H2O2 separation from the electrolyte
solution is extremely difficult. Qi et al. also proposed valorizing H2O2 into another
valuable chemical due to the same separation problem. [113]
Since H2O2 and sodium carbonate (electrolyte) already exist in the process, as an

alternative product, H2O2 can be valorized to produce sodium percarbonate (SPC).
Sodium percarbonate (Na2CO3 ꞏ1.5 H2O2) is usually called solid H2O2 and is dis-
solved in water to produce H2O2. It has chemical properties similar to H2O2, is
used as a bleaching agent in detergents, and is more efficient in several aspects.
SPC can function over a wider pH range and offers a more economical alternative
to H2O2 due to its solid form which makes it easier for transportation and storage.
[115–118] Furthermore, its market capacity in 2024 is estimated at 1.54 B€ and is
projected to grow at 8.3% yearly. [119]
Although many studies have been conducted concerning the development of

novel electrode materials, the evaluation of different types of electrolytes, the ex-
amination of reaction mechanisms, etc., the process design and techno-economic
evaluation of large-scale industrial plants remain largely unexplored. This study
presents a novel process design to produce H2O2 through water electrolysis and
valorizing it into SPC as the final product, along with a detailed technoeconomic
analysis. Ultimately, a sensitivity analysis was conducted to assess how different
parameters affect the economics of the process, including product prices, electrode
prices, and FEH2O2.

4.2. PROCESS DESIGN
4.2.1. CO-PRODUCTION OF H2O2 AND H2 IN THE ELECTROLYZER
Figure 4.2.1 shows the proposed process design based on the electrochemical wa-
ter oxidation reaction to H2O2 (2 e

–WOR). The first part of the process involves the
production of H2O2 through the electrolysis of water. Sodium carbonate (Na2CO3)
is used as the electrolyte salt as it has been shown to improve the faradaic efficiency
toward the anodic H2O2 product. [33] Sodium silicate is also added (in minor quant-
ities) to improve the stability of the formed H2O2 in the process. Additionally, sodium
hydroxide (NaOH) is periodically added to the electrolyzer to maintain the pH en-
vironment to promote H2O2 formation. The electrolyzer is maintained at ambient
temperature with the help of cooling water. When a potential difference is applied
across the cell, H2 and hydroxide ions are formed at the cathode via the water re-
duction reaction. The hydroxide ions migrate toward the anode and are oxidized to
produce H2O2 and O2 at the anode. In addition to the significant amount of O2 that
is produced directly at the anode, there is also considerable O2 produced through
the decomposition of H2O2 at the anode surface and in the bulk electrolyte. The
reactions at the anode are presented in Equations (4.2.1) – (4.2.3) and the reaction
at the cathode is presented in Equation (4.2.4).
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Figure 4.2.1: Process flow diagram of the proposed system. The catholyte recycles
after a simple gas separation whereas the anolyte goes through a
more complex chemical separation to crystallize out SPC before re-
cycling. The streams are numbered and the overall inlet and outlet
streams have their contents labeled.

2OH–→ H2O2+ 2e– E◦ = 1.76 V versus RHE (4.2.1)
H2O2+ 2OH–→ 2H2O+ O2+ 2e– E◦ = 0.67 V versus RHE (4.2.2)
4OH–→ 2H2O+ O2+ 4e– E◦ = 1.23 V versus RHE (4.2.3)
2H2O+ 2e–→ H2+ 2OH– E◦ = 0.00 V versus RHE (4.2.4)

4.2.2. ELECTROLYZER STRUCTURE
Two types of flow structures were considered for the electrolyzer configuration: a
single-pass flow system and a recirculating flow system. Single-pass flow systems
continuously pass fresh electrolyte solution through the electrolyzer. At the electro-
lyzer outlet, the electrolyte is separated from products and recycled. Alternatively,
the recirculating flow involves first recirculating the electrolyte solution within an
electrolyzer until a desired concentration of H2O2 is reached. Following this, the
electrolyte and products are separated. The discontinuous nature of the recircu-
lating electrolyzer and the continuous nature of the separation can be managed
through an intermediate holding tank.
The production rate is assumed to be constant for both structures since the elec-

trolyzer capacity is fixed at 2 MW. However, the concentration of H2O2 achieved
at the electrolyzer outlet is significantly lower in a single-pass structure than for the
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recirculating flow. [24, 34] This lower concentration will lead to a very difficult down-
stream separation. Thus, a recirculating structure was chosen despite the need for
an extra tank. Following electrolysis, the anode and cathode outlets need to un-
dergo a separation process to obtain products with the required specifications as
well as recover the electrolyte.

4.2.3. H2 SEPARATION
The cathode side separation is relatively easy as H2 is in the gas phase and the
electrolyte solution is in the liquid phase. The cathode outlet (Stream 4) is cooled
and flashed to recover the H2, and the electrolyte is recirculated. The H2 is then
compressed in a three-stage compressor to a final pressure of 50 bar and stored
(Stream 8).

4.2.4. CHALLENGES IN H2O2 SEPARATION
On the anode side, however, H2O2 and the electrolyte solution are in the liquid
phase, which poses a difficulty in the separation. H2O2 is commercially separated
by vacuum distillation in the anthraquinone process. However, in our case, the
distillation of the electrolyte solution and H2O2 will result in water as the top product
and the electrolyte salts and H2O2 as the bottom products. Attempting to separate
small amounts of H2O2 from the electrolyte salts yields a product with very low
purity. Even if it is assumed that the electrolyte salts can be perfectly removed
from the solution, resulting in a pure water and H2O2 mixture before distillation, the
energy required to concentrate the solution to the typical 30 wt % H2O2 is 109 kWh
kg-1 product (based on Aspen Plus simulation). This significant energy demand,
driven by the low concentrations in the electrolyzer outlet, is more than six times the
aggregate energy consumption of the entire conventional anthraquinone process,
which requires only 17.6 kWh kg-1 product to produce H2O2. [34] To overcome
these challenges, we are forced to consider other valorization methods. One such
possible product is SPC made by complexing H2O2 with Na2CO3. In our process,
the outlet stream of the electrolyzer consists of H2O2, Na2CO3, and water making
SPC a feasible valorized product.

4.2.5. DESIGN BASIS AND ASSUMPTIONS
To begin designing the process, several assumptions were made, which are as
follows:

1. All the design calculations are based on a 2 MW electrolyzer stack. This
capacity is considered based on commercial electrolyzer stacks for producing
H2. [120]

2. BDD was selected as the anode material because of its high FEH2O2 and over-
all stability as mentioned previously in this chapter.
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3. Based on the literature, all the calculations in this paper are based on a cell
potential of 5 V, current density of 0.1 A cm-2, outlet H2O2 concentration of
6×10-5 kmol kg-1 and the faradaic efficiency toward H2O2 is 40%. [34, 76]
The combination of the cell potential and current density is so chosen based
on highest production of H2O2 at steady state.

4. The faradaic efficiency of the cathode toward H2 was assumed to be 100%.
[121, 122]

5. A well-controlled process with a fixed current density is assumed throughout
the study, ensuring consistency in the electrolysis rate across various opera-
tional conditions.

6. The effect of sodium silicate was neglected in the process, and it was assumed
to behave like sodium carbonate due to its similar chemical structure.

7. Considering the small quantity of NaOH added required to maintain anolyte
pH, we do not include the small makeup stream in the design. Additionally,
since the function of NaOH is pHmaintenance, the OH– ions are reacted away
at the anode, thus not affecting the process.

8. Sweden was selected as the process plant location because of cheap electri-
city prices as well as proximity to ports. [123]

9. The scope of the design is limited to the production of SPC and H2. The
transport, waste management and auxiliary units are out of scope.

4.2.6. VALORIZATION OF HYDROGEN PEROXIDE TO SODIUM
PERCARBONATE

The anodic outlet stream of the electrolyzer (Stream 12) consisting of Na2CO3 elec-
trolyte and H2O2 must be valorized to SPC. In the commercial production of SPC,
H2O2 is mixed with sodium carbonate in a 1:1.0-1.5 molar ratio and crystallized.
[124] The reaction is shown in Equation (4.2.5):

Na2CO3(aq)+ 1.5H2O2(aq)→ Na2CO3 ꞏ1.5H2O2(aq) (4.2.5)

However, H2O2 and Na2CO3 are present in a molar ratio of approximately 1:17
in the electrolyzer’s outlet. Therefore, it is necessary to reduce the carbonate salt
content. With the correct ratio, the commercial process involves the addition of
sodium chloride (NaCl) to produce a salting-out effect for crystallization.

4.2.7. EXCESS WATER REMOVAL
Since the electrolyzer outlet is mostly water (Stream 12), in the first step, it is ne-
cessary to separate as much water as possible after the electrolyzer to reduce the
downstream equipment sizing as well as increase the concentration of the product
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in the stream. A multi-effect evaporator was used at this step to remove large quant-
ities of water in an energy-efficient and cost-effective manner. The evaporated wa-
ter containing the oxygen (Stream 13) is sent to a flash vessel where the oxygen
is separated from the water. The water is recirculated in the system (Stream 15),
whereas the oxygen is vented out (Stream 14). Even though a 2 MW stack pro-
duces 72 kg h-1 of oxygen, it was found to be not economical to compress and sell
it, and thus a decision was made to vent it. The concentrated solution of water,
Na2CO3 electrolyte and H2O2 (Stream 18) is then sent for further processing.

4.2.8. ADJUSTMENT OF PH
The water removal step is then followed by carbonate removal. In order to carry
out an ion-based separation technique, the pH of the solution must be lowered to a
value where H2O2 is not in its deprotonated form and only the electrolyte salt is in its
ionic form. Thus, the pH of the solution is lowered from 13 (Stream 18) to 10 (Stream
22). This pH value is lower than the pKa of H2O2 which is 11.6. Hydrochloric acid
(Stream 19) was chosen as the appropriate acid primarily because it is a strong
acid and can act as an additional source of Cl– ions. The formation of water, NaCl
salt, and carbon dioxide occurs upon adding this acid to the solution. Therefore,
it is necessary to add a degasifier on Stream 22 following the acid treatment and
before the ion-exchange resin to remove carbon dioxide. Stream 23, now adjusted
for pH and free of carbon dioxide is sent downstream.

4.2.9. EXCESS SODIUM CARBONATE REMOVAL
Following acid treatment, carbonate ions should be removed to reach the ideal ra-
tio. Ion exchange is a method to exchange unwanted ions in water with other non-
objectionable ionic substances. A strong base anion exchange resin in the chloride
form can remove the carbonate ions by exchanging one carbonate ion for two chlor-
ide ions. [125] This process is reversible, and the resin can be regenerated with
brine. The reaction is shown in Equation (4.2.6), with Z representing the resin:

Na2CO3+ 2ZꞏCl→ 2NaCl+ Z2 ꞏCO3 (4.2.6)

While other ion separation techniques such as electrodialysis and Donnan dia-
lysis were considered, ion-exchange is most suitable here and was selected for the
process design due to the following reasons: (1) It is easier in practice to imple-
ment compared to other considered technologies. (2) There is better control over
how much carbonate is removed. (3) There is no additional NaCl salt required as
it exchanges carbonate ions for chloride ions. (4) Pumping costs are the only en-
ergy requirement. (5) Resin can be regenerated to recover carbonate lost during
operation.
Stream 23, containing water, Na2CO3 and H2O2 enters the ion-exchange unit and

leaves with reduced carbonate in Stream 25 for crystallization.
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4.2.10. SODIUM PERCARBONATE FORMATION AND CRYSTALLIZATION
After reducing the carbonate content in water to achieve the desired molar ratio for
the SPC reaction, the next step is to cool down the ion-exchange outlet stream and
then crystallize the salt. Here, SPC is crystallized, separated, and dried. This step
was considered similar to commercial SPC production. [124] It was assumed that
all the produced H2O2 is converted into SPC and all the produced SPC is recovered
through crystallization (Stream 28). The leftover brine solution after the crystalliza-
tion step (Stream 27) is used to regenerate the ion-exchange column, exchanging
chloride for carbonate ions, to be recycled into the electrolyte tank (Stream 16).
However, it is necessary to fully remove chloride ions from Stream 16 before re-
cycling it to the electrolyzer. The excess chloride ions can be traced back to the
addition of hydrochloric acid in the previous steps. To avoid chlorine gas formation
and to recover carbonate from the purge stream, it was decided to employ Donnan
dialysis. The draw solution was considered as the cleaned purge stream with water
and Na2CO3 (Stream 31). There is an exchange of the carbonate and chlorine ions
between Streams 16 and 31 within the unit. Thus, one of the outlets of the unit only
consists of water and Na2CO3 (Stream 17) which is then recycled to the electrolyzer.
The second outlet is a wastestream consisting of water and NaCl (Stream 32). How-
ever, the waste stream generated can be effectively managed by discharging it to
a local water treatment facility via the municipal sewer system. This method offers
a cost-effective solution, provided that the effluent composition complies with local
regulations. [126] Additional water and Na2CO3 need to be continuously provided
to the process to make up for the water consumed in the electrolyzer, water lost in
the purge stream, and Na2CO3 lost through the SPC product, indicated via Steams
1 and 9.
It should be noted that flash drums, pumps, coolers, and the water evaporator

were simulated using Aspen Plus software. All the other equipment calculations
were done by hand. The separations in the degasifier, ion-exchange column, crys-
tallizer, and Donnan dialysis were assumed perfect for ease of calculation. A de-
tailed stream summary is presented in Table 4.A.5.

4.3. TECHNO-ECONOMICS
This section presents the detailed techno-economic calculation of the proposed pro-
cess. First, a comprehensive list of equipment was compiled and approximately
designed based on the process flow diagram. Capital expenditures (CAPEX) es-
timation was undertaken using factorial methods with an accuracy of ± 35%. [127]
This method proves to be valuable at this project stage, where detailed engineering
data is inaccessible, and approximating certain factors provides a rough estimate
of the anticipated investment.
The approaches employed were the Lang and Guthrie methods. [128] The Lang

method utilizes a Lang factor, which is an estimated ratio of the overall installation
cost of the plant and equipment to the delivered equipment cost. The higher the
Lang factor, the lower the impact of the equipment cost on the total installed cost and
vice versa. The factor depends on the type of plant, equipment, and construction
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material.
Since the proposed process incorporates specialized equipment such as the elec-

trolyzer, expensive anode material, and common materials like stainless steel, a
decision was made to differentiate between various equipment categories with a
Lang factor varying between 1 and 4. The first category is regular equipment, like
pumps, storage tanks, the dryer, and the evaporator. The Lang factor considered
for this category is 4, primarily due to the extra costs associated with the construc-
tion material. The second category, special equipment, includes the crystallizer,
the ion-exchange unit, and the Donnan dialysis unit, with a Lang factor of 3. This
factor accounts for both the expensive material and the auxiliary parts and equip-
ment required for the unit. The third category pertains to electrical equipment, such
as the electrolyzer and the cathode, with a Lang factor of 2. This lower factor is
attributed to the installation’s emphasis on wiring rather than piping. An additional
crucial consideration is the exceptionally expensive anode price, constituting nearly
75% of the total bare equipment cost. Due to the anode costs being related solely
to the material price, the Lang factor for the anode is set to 1.
The bare equipment cost for the electrolyzer was calculated based on the area

of the anode, cathode, membrane, and housing. [97] The remaining equipment
costs were calculated using the Matche cost estimator. [129] The Matche cost es-
timator calculates equipment costs using a cost index value based on the year and
the specifications of the equipment in question. These specifications can include
the construction material, flow rate, total volume, length, etc. The bare equipment
costs are presented in Table 4.A.4. The complete breakdown of capital investment
is shown in Table 4.3.1 where the total capital investment was calculated to be 64.52
M€. Further costs above the installed equipment costs are calculated using approx-
imate percentages based on industrial heuristics. [130] For all equipment types
except the anode, the costs outside battery limits and the contingency costs are
taken as 50% and 37.5% of the installed equipment cost, respectively. The fixed
capital investment is then the sum of those three costs together. The total capital in-
vestment for each equipment type includes a 15% and 10% cost for working capital
and start-up costs, respectively, which are added to the fixed capital investment.
In general, operational expenditures (OPEX) refer to the day-to-day costs an or-

ganization incurs to maintain its regular operations, and some of the OPEX costs
are dependent on the CAPEX costs. OPEX costs include direct production costs,
capital expenditures, plant overhead and general expenses. Direct production costs
include raw materials, utilities, equipment maintenance and repair, labor required
for daily operations, and patent costs. Capital charges were calculated for a 10-
year lifetime of the project and at a 12% interest rate on the investment amount.
Capital charge is the cost to the business for borrowing the required capital, or in
other words, it is the necessary return on the made investment. The 10-year life-
time is considered because the BDD anode is very expensive and can potentially
last up to 10 years without needing replacement. [97] The 12% interest rate was
decided based on investment risks and inflation. Plant overhead was defined as the
total cost involved in operations which accounts for operational efficiency and the
well-being of the facility (safety, recreation, and laboratories). This cannot be traced
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Table 4.3.1: Breakdown of Total Capital Investment (TCI)

Category Regular
Equip-
ment

Special
Equip-
ment

Electro-
lyzer

Cath-
ode

Anode Total

Equipment Cost (M€) 4.089 1.168 0.054 0.003 14.579 19.893
Lang Factor 4 3 2 2 1 -
Installed Equipment
Cost (M€)

16.354 3.505 0.108 0.006 14.582 34.555

Costs Outside Battery
Limits (M€)

8.177 1.680 0.054 0.003 0.003 9.989

Contingency (M€) 6.133 1.314 0.040 0.002 0.002 7.492
Fixed Capital
Investment (M€)

30.664 6.572 0.202 0.010 14.587 52.036

Working Capital (M€) 6.133 1.314 0.040 0.002 0.002 7.492
Start-Up Cost (M€) 4.089 0.876 0.027 0.001 0.001 4.995
Total Capital
Investment (M€)

40.886 8.762 0.27 0.014 14.59 64.522

directly to the product. Additionally, other fixed and variable general expenses were
considered. Fixed expenses include sales andmarketing, engineering services and
R&D. Variable costs include distribution, training, andmanagement. Operational ex-
penditures amounted to 21.59 M€ yr-1. Table 4.3.2 shows the cost breakdown of
OPEX, where the plant overhead and general expenses are 7.5% and 15% of the
Total Manufacturing Costs, respectively. A more detailed breakdown is presented
in Tables 4.A.1 – 4.A.3.

Table 4.3.2: Breakdown of operating costs

Category Amount (M€ yr-1)

Direct Production Costs 6.10
•Fixed Costs 0.05
•Variable Costs 6.05

Capital Charges 11.42
Plant Overhead 0.68
General Expenses 3.39
•Fixed (Sales & Marketing, Engineering, R&D) 1.36
•Variable (Distribution, Training, Management) 2.03

Total Manufacturing Costs (TMC) 21.59

The annual revenue generated by selling hydrogen and SPC produced by a 2
MW stack with prices of 5000 € tonne-1 and 780 € tonne-1, respectively, was found
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to be 2.54 M€. The disparity between the two sale prices is due to the low molar
mass of H2, where there are approximately 75 times as manymoles of H2 than there
are moles of SPC in one tonne of product. Based on the annual revenue and the
calculated OPEX, the annual cash flow was estimated. A negative annual cash flow
was calculated for the designed process at -19.05 M€ yr-1. The main cost driver of
OPEX is the cost of capital (53% of OPEX) which is majorly driven by the expensive
anode material. Therefore, with current equipment efficiencies and prices for raw
materials, utilities and final products, a one-stack electrolyzer project is considered
unprofitable. However, it is considered that for larger capacity projects, operating
costs will not increase linearly, hence a breakeven analysis was conducted.
A breakeven analysis was performed on the project’s production capacity, ac-

cording to the six-tenths heuristic. According to this heuristic, if the cost of a given
unit at one capacity is known, the cost of a similar unit at X times the capacity of
the first is calculated by Equation (4.3.1):

Investment for X times given capacity
Investment for given capacity

= X1−M (4.3.1)

For all equipment except the electrolyzer, it is considered that the scaling-up costs
are minimal, therefore factorM was given the value of 0.4. However, assuming that
the electrolyzer is a modular piece of equipment, M was considered 0.2 for the
electrolyzer, the anode, and the cathode. The breakeven analysis for capacities
of up to 60% of the global SPC market, considering a 1.54 B€ market capacity, is
shown in Figure 4.3.1. According to the figure, the breakeven point at which the
project is considered profitable was found at a capacity equivalent to 39% of the
global market. This market share translates to a process operating 308 electrolyzer
stacks (2 MW each). It is important to note that the capacity serves only as an
indicator and not a possible scenario, since the global market distribution can be a
limiting factor on it.
Further economic analysis was conducted at a capacity of 339 stacks (10% higher

than the breakeven point) including Internal Rate of Return (IRR) and Net Present
Value (NPV). IRR represents the discount rate at which the NPV of an investment
becomes zero. A higher IRR typically indicates a more attractive investment oppor-
tunity. The NPV for a lifetime of 10 years was calculated based on annual operating
expenses, expected depreciation, and taxes. The NPV at the end of 10 years was
negative, indicating that this process as a business proposition is not profitable in
its current form. Based on cash flows for 10 years since the commencement of the
plant, the IRR was 7.9%. Even though at this scale the IRR is positive, it is not large
enough to yield a positive NPV (-509.25 M€ after 10 years), indicating an econom-
ically unfavorable investment. Thus, it was deemed critical to analyze the factors
that affect these costs the most and understand if and how this design can be made
into an economically feasible project. In Figure 4.3.2, the cost review is depicted,
leading to the need for a sensitivity analysis of the most impactful parameters.
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Figure 4.3.1: Breakeven point analysis based on a six-tenths heuristic for scaling
the plant capacity.
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Figure 4.3.2: Cost review of the total manufacturing costs.

4.4. SENSITIVITY ANALYSIS
A sensitivity analysis evaluates the effect of changes in input parameters on a
model’s or system’s output. This analysis allows one to identify the pivotal factors of
a system or process. This can assist future studies by focusing on the most critical
factors. This study focused on the cost drivers’ impacts on the process econom-
ics. In our case, the main cost drivers investigated are electricity price, anode price,
FEH2O2, product prices and tax subsidies. To gain a comprehensive understanding
of the impact of cost drivers, two different sensitivity analyses were conducted: (1)
Breakeven Point Analysis and (2) IRR and NPV Analyses.
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4.4.1. BREAKEVEN POINT ANALYSIS
From Figure 4.3.1, it was noted that the breakeven point for the process is 308
stacks, which represents 616 MW of plant capacity and 39% of the worldwide mar-
ket for SPC, which is considered an unreasonable scale. In this section, we invest-
igate the influence of cost drivers on the breakeven point to identify targets that can
make this process more economically feasible. Figure 4.4.1a shows the effects
of key inputs such as electricity price, anode price, and faradaic efficiency on the
breakeven point, while Figure 4.4.1b shows the effect of sale prices of H2 and SPC
on the breakeven point.
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Figure 4.4.1: Effect of the a) inputs and b) product sale prices on the breakeven
point.

Key Inputs The electricity price can change throughout the year and have a sig-
nificant impact on process economics. Electricity prices historically have shown
great volatility which could result in high uncertainties for the operating expenses,
and therefore, for the overall economics of the process. In the past five years, elec-
tricity prices have spiked up to approximately 10 times higher than the average, due
to extreme circumstances, and on average they fluctuate between -50% and +100%
from today’s prices (30-120 € MWh-1). [123] As a result, a sensitivity analysis was
conducted using this specific range of values. In the case of a 50% reduction in the
electricity price, the breakeven point for the global market share of SPC decreases
approximately by 5% from around 40% to about 35%. While electricity prices have
an enormous impact on a standard alkaline water electrolysis plant’s economic vi-
ability, they affect this process very little.
One of the most important factors affecting CAPEX is the anode cost. This high

cost is attributed to the current manufacturing technology. Advancements in mater-
ial science and manufacturing technology could lead to the development of altern-
ative materials (not necessarily BDD) with comparable or higher FEH2O2 at signific-
antly reduced costs. Thus, by reducing the anode cost from 0 to 95%, its effect on
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the breakeven point was investigated. Results show a significant change in plant
capacity and breakeven point by changing the anode cost. A 95% reduction in the
anode price leads to a breakeven point of around 15% of the global SPC market
share which is a reasonable capacity. However, it could be challenging to develop
a novel, stable and cheap anode for this process in the coming years.
In electrolysis, the faradaic efficiency is of paramount importance as it directly

influences the efficacy of electrochemical processes crucial for sustainable energy
technologies. It measures the extent to which the desired electrochemical reactions
occur, ensuring that energy is efficiently converted without wasteful side reactions.
A high FEH2O2 signifies an optimized electrolysis process, minimizing energy losses
and maximizing the yield of the intended products. Here we identify the effect of
FEH2O2 on the economic breakeven points. A sensitivity analysis was done on the
FEH2O2 range of 40% to an ideal case of 100%. Based on the current technology
level (FE of around 40%), to reach a breakeven point, a plant size of 616 MW (39%
of the market) should be targeted. However, in the ideal case (FE of 100%), plant
size targets and market share can be significantly lowered to around 76 MW and
5%, respectively, to reach the breakeven point. As previously indicated, due to
the low concentration of product at the electrolyzer outlet, the separation stays the
same by increasing the FEH2O2 (same CAPEX). The increase in FEH2O2, however,
directly increases revenue (production rate), while only OPEX changes. Therefore,
FEH2O2 was found to be the most important factor in this techno-economic analysis.
Furthermore, anodes with high FEH2O2 of approximately 80% have already been
demonstrated at lab scales, indicating that this scenario is not highly unlikely to
take place. [24, 85]

Product Prices SPC and hydrogen sale prices may change due to market fluctu-
ations. Thus, a percent change in the individual product sale prices from -50% to
+100% was examined. This corresponded to a constant H2 sale price of 5,000 €
tonne-1 with the SPC sale price ranging from 390 to 1,560 € tonne-1), and a con-
stant SPC sale price of 780 € tonne-1 with the H2 sale price ranging from 2500 to
10,000 € tonne-1. Figure 4.4.1b shows that if the SPC price is doubled, the break-
even point drops to almost 7.5% of the global SPC market share, whereas if the
H2 price is doubled, the breakeven point is almost 20%. Due to the larger mass
of SPC produced compared to the mass of H2 produced, the impact of changing
percarbonate sale price is greater. However, it should be noted that neither price
will remain constant, and both prices will fluctuate in the long run.

4.4.2. IRR AND NPV ANALYSES
To determine the effect of cost drivers on IRR and NPV, another sensitivity analysis
was performed. This analysis was conducted based on a realistic plant capacity of
200 MW (100 stacks) to ensure a fair comparison with the previous section’s base
analysis. For the chosen capacity of 200 MW, the IRR and the NPV were calculated
as -5.8% and -806 M€, respectively.
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Key Inputs The effect of the same key inputs used in Section 4.4.1 on IRR and
NPV is shown in Figure 4.4.2. In addition to these inputs, one more parameter
was considered: a tax credit. To promote green hydrogen production, the Clean
Hydrogen Production Tax Credit is one of the most important policies. This tax
credit is intended to stimulate the domestic clean hydrogen industry and reduce the
cost gap between green and fossil-based hydrogen. Assuming the project could be
part of a green transition policy, the tax rate could drop from 20.6% to zero.
The IRR and the NPV increase steadily as the electricity price decreases, reach-

ing -4.5% and -758 M€, respectively. On the other hand, for a 100% increase in the
electricity price, the IRR decreases to -8.8% and the NPV decreases to -902 M€.
With a 95% reduction in the anode cost, the IRR is 4.8% and the NPV is negative at
-222M€. This indicates that along with anode cost reduction, other parameters must
change favorably to consider this project an acceptable investment. Considering an
ideal FEH2O2 of 100%, the IRR and NPV are 19.6% and 447 M€, respectively. Even
if a more feasible efficiency of 75% is considered as a target for the future, the IRR
and NPV can be significantly increased to approximately 10.6% and -75 M€ com-
pared to around only -5.8% and -806 M€ at the base case of 40% FEH2O2. Lastly, it
can seen that the IRR and NPV increase steadily as the tax rate decreases, reach-
ing -4.2% and -767 M€, respectively. This indicates that tax subsidies do not have a
significant influence on the project’s economic viability, especially when compared
to the other inputs.
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Figure 4.4.2: Effect of key input parameters on the a) IRR and b) NPV.

In addition to the IRR and the NPV, the effect of the electricity price on utility costs
and manufacturing costs was also calculated, shown in Figure 4.4.3. In extreme
conditions, utility costs may vary between -37 and +75%, indicating a relatively high
impact of the electricity price on utility costs. But the impact on total manufacturing
costs (TMC) is much lower, where a -50 to +100% change in the electricity price
results in only a variation of -3 to +5% in TMC.
The anode price clearly has a large impact on the process economics, and the

effect of the anode price change on CAPEX and OPEX specifically is shown in
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Figure 4.4.3: Effect of the electricity price on the a) utility costs and b) TMC.

Figure 4.4.4. Lowering the anode cost from 0% to 95%, can reduce the CAPEX up
to approximately 40%, with an expected linear relationship. But because changes
in CAPEX result in changes in capital charge, the OPEX value also changes. The
anode price reduction reduces the OPEX by approximately 28%.
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Figure 4.4.4: Effect of the electricity price on the a) CAPEX and b) OPEX.

Product Prices The effect of product sale prices on the IRR and NPV were also
calculated, shown in Figure 4.4.5. For SPC sold at a 100% higher price, the IRR
is 13.2% with a positive NPV of 69.44 M€ after 10 years. This is a plausible scen-
ario considering this compound finds growing applications in cleaning powder and
laundry detergents as an eco-friendly alternative to chlorine, and can be marketed
as a green product. [131] Increasing the hydrogen sale price by 100% higher price,
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results in an IRR of approximately 2%, but a negative NPV after 10 years of ap-
proximately -600 M€. Considering the increased demand for hydrogen, this price
increase might be possible, but likely not since the base case price of 5 € kg-1
already represents a green hydrogen premium. There is a greater impact on the
IRR and NPV when it comes to SPC price changes since the production rate by
mass in this process is far higher than that of hydrogen. Predictably, the best-case
scenario would be if both products could be sold at a higher price.
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Figure 4.4.5: Effect of the sodium percarbonate sale price on the a) IRR and b) NPV.

4.4.3. OVERVIEW OF THE SENSITIVITY ANALYSIS
The sensitivity analysis demonstrated how the project’s economic performance var-
ies with changing cost drivers. Some of these cost drivers have more impact than
others, with some changes able to single-handedly bring the process design into
economic viability. Table 4.4.1 illustrates how IRR and NPV are affected by chan-
ging cost drivers to their extreme values in the best case scenarios, and are listed
in order of most dramatic improvement after the base case.

Table 4.4.1: Comparison of the most favorable scenarios

Scenario IRR (%) NPV (M€)

Base Case -5.8 -805
100% Faradaic Efficiency 19.6 447.39
100% SPC Sale Price Increase 13.2 69.43
95% Anode Price Decrease 4.8 -222.01
100% H2 Sale Price Increase 1.1 -537.81
100% Tax Subsidy Increase -4.2 -768.66
50% Electricity Price Decrease -4.5 -758.45
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4.5. MULTI-PARAMETER SENSITIVITY ANALYSIS
The preceding analysis describes well how the process economics are affected by
changing a single parameter while keeping the others constant. However, it rarely
so happens that only one parameter changes. Thus, a two-parameter sensitivity
analysis was performed on key parameters identified in the previous section, se-
lecting the top three of faradaic efficiency, SPC sale price, and anode price.

4.5.1. EFFECT OF CHANGING FARADAIC EFFICIENCY AND SPC PRICE
Keeping in mind the most influential and likely parameters to change, a two-
parameter sensitivity analysis was performed on the breakeven point, IRR and
NPV by changing the FEH2O2 and the SPC price. The results are shown in
Figures 4.5.1 and 4.5.2.
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Figure 4.5.1: Effect of changes in the sodium percarbonate sale price and the fara-
daic efficiency on the breakeven point (white marker shows the current
situation).

The breakeven point improves drastically with a positive change in the FEH2O2
and SPC price. With a 75% FEH2O2, the breakeven point ranges from 74 stacks
(148 MW) to 13 stacks (26 MW) for a 0 to 100% increase in the price of SPC.
It can be seen that with the improvement in FEH2O2 and an increase in SPC price,

the process is economically more favorable. As seen in Figure 4.5.2, if FEH2O2 can
be improved to 75% and SPC can be sold at a price 0 to 100%more than the current
cost, the IRR ranges from 10.6 to 35.8%, and the NPV ranges from -75 to 1383 M€.

4.5.2. EFFECT OF CHANGING ANODE PRICE AND SPC PRICE
Another two-way sensitivity analysis was performed on the breakeven point, IRR
and NPV by changing the anode price and the SPC price. The results are shown
in Figures 4.5.3 and 4.5.4.
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Figure 4.5.2: Effect of changes in the sodium percarbonate sale price and the fara-
daic efficiency on the a) IRR and b) NPV (white marker shows the
current situation).

−50 −25 0 25 50 75 100

−90

−80

−70

−60

−50

−40

−30

−20

−10

0

Sodium Percarbonate Price Change (%)

A
n

o
de

 P
ric

e
 C

h
a

ng
e

 (
%

)

400.0

800.0

1200

1600

2000

2400

B
re

ake
ve

n - C
a

pa
city (M

W
)

800

200

2000

100

Figure 4.5.3: Effect of changes in the sodium percarbonate sale price and the an-
ode price on the breakeven point (white marker shows the current
situation).

The breakeven point improves with a positive change in the anode price and SPC
price as well. With an 80% decrease in the anode price, the breakeven point ranges
from 132 stacks (264 MW) to 31 stacks (62 MW) for a 0 to 100% increase in the
price of SPC.

If the anode price decreases by 80% and SPC can be sold at a price 0 to 100%
more than the current cost, the IRR ranges from 2.5 to 25.4%, and the NPV ranges
from -290 M€ to 490 M€.
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Figure 4.5.4: Effect of changes in the sodium percarbonate sale price and the an-
ode price on the a) IRR and b) NPV (white marker shows the current
situation).

4.5.3. EFFECT OF CHANGING ANODE PRICE AND FARADAIC
EFFICIENCY

Multi-parameters analysis was also performed on the breakeven point, IRR and
NPV by changing the anode price and faradaic efficiency. The results are shown in
Figures 4.5.5 and 4.5.6.
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Figure 4.5.5: Effect of changes in the faradaic efficiency and the anode price on the
breakeven point (white marker shows the current situation).

The breakeven point benefits from a decrease in anode price and an increase in
faradaic efficiency. When the anode price drops by 80%, the breakeven point spans
from 132 stacks (264 MW) to 21 stacks (42 MW), depending on faradaic efficiency,
which varies between 40 and 100%.
Considering an anode price that is reduced by 80% and a faradaic efficiency
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ranging between 40 and 100%, the IRR ranges from 2.5 to 33.7%, and the NPV
ranges from -290 to 827 M€, as shown in Figure 4.5.6.
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Figure 4.5.6: Effect of changes in the faradaic efficiency and the anode price on the
a) IRR and b) NPV (white marker shows the current situation).

4.5.4. OVERVIEW OF THE MULTI-PARAMETER SENSITIVITY ANALYSIS
The multi-parameter sensitivity analysis results highlight the positive impact on
economics when two parameters change favorably. As illustrated by the figures
provided, attaining a lower breakeven point is comparatively easier and more
feasible. With a promising change in multiple variables, NPV tends toward the
positive side after 10 years with an IRR value that is more attractive to investors.

4.5.5. SCENARIOS’ LIKELIHOOD EVALUATION
It is considered that these scenarios would not occur with the same likelihood. Ac-
cording to the literature, it may be very likely that the FEH2O2 will increase in the near
future. Hydrogen and SPC prices may rise in the future due to high market demand,
underestimation of the price in the current study, and the trend toward green tech-
nology. This scenario is very likely, as it reflects the current and projected situation
of the hydrogen market. It also reflects the environmental and social factors that
influence consumers’ preferences and choices.
On the other hand, the electricity price scenario is not very likely, as it faces many

challenges and uncertainties, such as the reliability and availability of renewable
energy, the cost and efficiency of energy storage, and themarket and political forces
that affect the energy sector. The anode price scenario is also not very likely soon,
either, as it requires significant investment and research in material science and the
overcoming of technical and operational difficulties.
Assessing the likelihood of tax subsidies is challenging, as they are highly de-

pendent on the plant’s location, the prevailing policies, and the broader political
landscape. In practice, tax rates may exceed the assumptions made in this study
or fall within the considered range. However, their impact on the overall economics
is relatively minor compared to other key parameters.
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4.6. CONCLUSIONS
The purpose of this work was to bridge the gap between academic studies and the
practical challenges regarding the co-production of H2O2 via water electrolysis. The
high cost of hydrogen production via water electrolysis led to some studies recom-
mending the substitution of oxygen production for H2O2, which has a higher value.
However, no studies explored the feasibility and costs of separating H2O2 from the
electrolyte. Hydrogen peroxide separation was found to be extremely difficult due to
the presence of other ions that cannot be easily removed. Thus, this study presen-
ted a novel conceptual process design as well as a techno-economic evaluation for
the valorization of H2O2 into SPC. This decision was driven by the market feasibil-
ity of SPC and the availability of necessary raw materials in the electrolyzer outlet
stream.
For the plant location Sweden was chosen, leveraging its low electricity costs,

market accessibility, and port availability. The plant’s capacity was selected based
on amodular 2MWelectrolyzer stack, employing a recirculating structure to achieve
higher H2O2 concentrations. A boron-doped diamond anode was selected due to
its better performance at high current densities and extended lifetime.
An economic analysis was conducted, and results revealed a projected CAPEX

of 64.52M€ and an annual OPEX of 21.59M€ for a 2MWelectrolyzer stack (produc-
tion rate of 2.5 kt yr-1 of sodium percarbonate). With an anticipated annual revenue
of 2.54 M€ per stack, a capacity of 308 stacks (616 MW) was required to break-
even with operating expenditure, representing a substantial portion of the global
SPC market share (39%).
A more detailed economic evaluation of IRR and NPV considering a capacity

10% above breakeven of 339 stacks (678 MW) also revealed less favorable results.
With a CAPEX of 3.2 B€ and OPEX of 870 M€, the IRR was 7.9%, and the NPV
after 10 years was -509.25 M€.
While the proposed process design faces economic challenges using existing

technologies, further exploration was carried out through sensitivity analysis to high-
light the key targets for future advancements. It was seen that adjusting cost drivers
including product prices, electricity price, anode price, and FEH2O2 can lead to a sig-
nificant reduction in the breakeven point as well as a considerable increase in the
IRR and the NPV. FEH2O2 followed by SPC sale price were found to be the most
crucial parameters. In the 2 MW base case, an ideal FEH2O2 of 100% resulted in
around 20% IRR and 447 M€ NPV. These numbers were calculated to be around
13% and 69 M€, respectively, for the 100% increase in SPC sale price. The elec-
tricity price, however, was found to be the least influential parameter, contrary to
what is the case for alkaline water electrolysis. The multi-parameter sensitivity ana-
lysis demonstrated that favorable change in multiple cost drivers has a significant
impact on the economics. For a 0 to 100% increase in the price of SPC, with an
80% decrease in the anode price, the NPV ranges from -290 to 490 M€ with IRR
ranging from 2.5 to 25.4%, whereas, with an increase from 40% to 75% FEH2O2, the
NPV ranges from -75 to 1383 M€ with IRR ranging from 10.6% to 35.8%.
While sensitivity analysis and adjustments to individual and multiple parameters

can be used to enhance the economic viability of the process, it is crucial to note
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that there is room for additional exploration and optimization. First, delving deeper
into the analysis of critical parameters, particularly focusing on the influence of raw
material prices and the utilization of chemical stabilizers. Additionally, since the
economic analysis involves assumptions to reduce complexity, it is suggested to
consider a broader spectrum of economic indicators related to the efficiency and
sustainability of the process. Finally, it is recommended to investigate the current
market dynamics to understand whether sodium percarbonate can also replace
other products in the market and investigate whether there are new applications
which can leverage the overall market capitalization.
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4.A. APPENDIX - PROCESS DESIGN DETAILS
The following tables give details of the process design.

Table 4.A.1: Chemicals and Energy Prices

Material Price

Deionized Water 7 € tonne-1
Sodium Carbonate 250 € tonne-1
HCl 150 € tonne-1
H2 Gas (Compressed) 5000 € tonne-1
Sodium Percarbonate 780 € tonne-1
Electricity 60 € MWh-1
Low-Pressure Steam 5.4 € tonne-1

Table 4.A.2: More detailed breakdown of operating costs

Category Amount
(M€ yr-1)

Percent
of TMC
(%)

Direct Production Costs 6.10 28.25
•Fixed Costs 0.05 0.23
Patents 0.05 0.23

•Variable Costs 6.05 28.02
Utilities 1.36 6.30
Maintenance & Repairs 1.13 5.23
Raw Materials 1.75 8.11
Operating Labor 1.81 8.38

Capital Charges 11.42 52.89
Plant Overhead 0.68 3.15
General Expenses 3.39 15.70
•Fixed (Sales & Marketing, Engineering, R&D) 1.36 6.30
•Variable (Distribution, Training, Management) 2.03 9.40

Total Manufacturing Costs (TMC) 21.59 100.00
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Table 4.A.3: Operational expenses per unit

Unit or Component Quantity Hourly Price
(€ hr-1)

Yearly Price
(€ hr-1)

Electrolyzer (2 MW) 1,401,798
Electricity 2 MWh hr-1 120.00 960,000
Make-Up Water 268.71 kg hr-1 1.88 15,048
Sodium Carbonate 211.98 kg hr-1 52.99 423,960
Cathode Material (1 year) 2,790

Water Evaporator 281,473
Electricity 25 kWh hr-1 1.50 12,000
LP Steam 6.23 ton hr-1 33.68 269,473

Acidifier (Mixer) 763,211
Estimated Costs 100%

CAPEX
54,011

HCl 591 kg/hr 88.65 709,200

Ion Exchange Column 50,928
Resin (1 per year) 60,847 kg yr-1 50,928

Filter (1 per year) 140,000

Dryer 21,504
Centrifuge Power 30 kW 1.80 14,400
Dryer Power 14.8 kW 0.89 7,104

Pumps 1,844
Pump 1 Power 1.91 kW 0.115 917
Pump 2 Power 1.91 kW 0.115 917
Pump 3 Power 0.02 kW 0.00 10

Coolers 21,695
Cooling Water 1 3.25 MW 2.31 18,481
Cooling Water 2 0.566 MW 0.40 3,214

Compressor 1,400
Power 30 kW 1.80 1,400
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Table 4.A.4: Full equipment list and costs

Equipment Quantity Cost (M€) Total Cost (M€)

Electrolyzer (2 MW) 1 14.636 14.636
Water Evaporator 1 2.633 2.633
Acidifier (Mixer) 1 0.054 0.054
Ion-Exchange 2 0.199 0.397
Crystallizer 1 0.384 0.384
Flash 1 1 0.097 0.097
Flash 2 1 0.085 0.085
Filter 1 0.140 0.140
Filtration and Drier 1 0.222 0.222
Pump 1 1 0.014 0.014
Pump 2 1 0.014 0.014
Pump 3 1 0.088 0.088
Cooler 1 1 0.279 0.279
Cooler 2 1 0.099 0.099
Degasifier 1 0.168 0.168
Blower 1 0.031 0.031
Donnan Dialysis 1 2.177 2.177
Compressor 1 0.072 0.072
Electrolyte Tank 1 1 0.046 0.046
Electrolyte Tank 2 1 0.046 0.046
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5
CONCLUDING REMARKS

5.1. CONCLUSIONS
The electrochemical engineering to produce anodic H2O2 alongside cathodic H2 in
alkaline water electrolysis was studied using experiments, numerical analysis, and
computational simulations. These findings were then used to design and analyze a
scaled-up process that could convert the produced H2O2 into sodium percarbonate
for final sale.
We began with exploring the behavior of ionic species in a recirculating electro-

lyzer system using bi(carbonate) electrolyte in Chapter 2. The typical behavior seen
in experiments without reservoir recombination was an initially higher current that
then roughly linearly decayed as the experiment continued, until the experiment
was stopped due to electro-osmotic flow emptying the anolyte reservoir. The sim-
ulations revealed that the current in these systems is dominated by anionic migra-
tion towards the anode rather than diffusion of anionic species. However, this ionic
transport is insufficient to meet the demands that the applied voltage imposes, and
the electrolyte itself is consumed as a source of OH– ions for the anodic reactions.
As the reactions continued, CO 2–

3 equilibrated to HCO –
3 and then further to CO2(g),

assisted by the physical gas stripping of dissolved CO2 by O2 bubbles. Eventually,
without remixing of electrolyte or the injection of OH– to the anolyte, the current
dropped further as the reactions stalled. While the anolyte depleted of anionic spe-
cies and its pH dropped to near neutral, the catholyte conversely concentrated with
OH– and Na+ and its pH increased. Some of the CO 2–

3 that was initially present
in the catholyte is transported to the anolyte, but as the alkalinity of the catholyte
increased, CO2 was captured from the air and immediately converted into CO 2–

3 .
We would therefore expect that, in a gas-tight system, the dissolved carbon con-
centration would decay to zero as all of the initially present CO 2–

3 transports to the
anolyte and is equilibrated away to CO2(g). This work could be extended to exam-
ine other membranes, electrolyte compositions, and electrolyte concentrations, to
explore other strategies for mitigating electrolyte depletion. In particular, examining
the use of bipolar membranes to mitigate electrolyte depletion and how their use
affects ion movement could prove valuable.
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With an understanding of the ion transport dynamics in the proto-typical system,
a lab-scale setup with recirculating electrolyte was constructed to produce anodic
H2O2 in Chapter 3. The setup included the frequent injection of 5 M NaOH in order
to maintain a supply of OH– for the anodic reactions. This lowered the amount of
volume change due to electro-osmotic flow and also maintained the anodic reac-
tions. In contrast to the setup of Chapter 2, where the H2O2 concentration sharply
increased and then quickly decreased towards zero, the H2O2 concentration in this
setup first increased linearly and then plateaued to a steady state value. This result
is consistent with a steady generation of H2O2 with competing degradation pro-
cesses that are H2O2 concentration dependent, with improved H2O2 stability due
to the inclusion of Na2SiO3. The system was mathematically described using mole
balances to derive analytical equations that predict the H2O2 concentrations over
time given certain electrochemical and geometric parameters. The geometry of the
device should be known, and a procedure was outlined to find the electrochemical
parameters for any anode used. The electrochemical parameters that can be found
by simple experimentation are the generation rate of H2O2 and the bulk dispropor-
tionation rate constant of H2O2 in electrolyte. The last electrochemical parameter,
the rate constant of anodic oxidation of H2O2 to H2O and O2, can only be found by
fitting the analytical equations to a concentration curve. The derived equations were
then used to make predictions as to the behavior of the system for varying reservoir
volumes. As expected, using a smaller volume of electrolyte reaches steady-state
more quickly at a higher concentration, but actually lowers the total amount of H2O2
product generated. This is due to anodic oxidation playing a greater role as the con-
centration increases. The final selections for operating current density, recirculation
time, and electrolyte volumes must be balanced as longer recirculation times and
higher current densities mean higher H2O2 concentrations at the expense of higher
operating costs. Again, this work focused on a prototypical case using a fixed elec-
trolyte composition and one separator material, but could also be performed with
other anodes, membranes, electrolytes, or electrolyzer geometries to make more
generalized expressions and compare different systems.

In Chapter 4, we combined the previous findings to design a full-scale process
that both generates anodic H2O2 in alkaline water electrolysis and detailed how
it might be separated for sale, an often ignored consideration by electrochemists.
Because H2O2 decomposes more quickly above ambient temperature and has a
boiling point greater than water, vacuum distillation is an inefficient separation tech-
nique, requiring significant energy usage to evaporate enormous amounts of water
to make a concentrated H2O2 solution. It also neglects the presence of CO

2–
3 and

HCO –
3 ions in the resulting bottoms solution. We instead conceptualized a full separ-

ation train to convert H2O2 into sodium percarbonate by first recirculating an anolyte
reservoir’s content and charging it with H2O2, before crystallizing the product out as
sodium percarbonate. As a result, the process runs in semi-batch operation, with
batch-wise charging of H2O2 in the anolyte, but a continuously operating separation
train. Analyzing the techno-economics of the full process on the basis of a 2 MW
electrolyzer showed that a significant portion of the estimated capital cost is domin-
ated by the anode price. As the base case stands, the process loses many millions
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of euros per year, with an unrealistic breakeven point in terms of market capacity
and electrolyzer size. Improvements to the anode cost, faradaic efficiency, H2 sale
price, sodium percarbonate sale price, or a combination thereof, can lead to a com-
mercially viable process, but the targets should be realistic. For example, a fara-
daic efficiency to H2O2 of 100% is likely impossible given the equilibrium voltages of
H2O2 generation and oxygen evolution reactions. Additionally, the process already
used a premium, green H2 sale price of €5 per kg. This value should ideally be
much lower to compete with steam-methane reforming, which means that the over-
all process must have an even lower operating cost. The selection of sodium percar-
bonate as the valorized form of anodic H2O2 therefore requires further investigation
given the current technological capabilities.

5.2. RECOMMENDATIONS
The majority of the literature on anodic H2O2 focuses on the electrochemistry of this
reaction, but not on its application. The electrochemical engineering of the reaction
reveals significant problems for increasing the technology’s technology readiness
level, a metric that describes the maturation of a technology from basic hypothesis
to commercial production. Running the system at relevant current densities with
porous separator materials inevitably leads to anolyte depletion and the migration
of CO 2–

3 ions from the catholyte. It is therefore advised that future work should ex-
amine how novel components such as bipolar membranes may mitigate this issue.
The recirculation of the anolyte can increase the H2O2 concentration, easing down-
stream separation, but this increases the operating costs. Most significantly, the
separation of H2O2 for sale is a far more complex topic than previously addressed,
as it entails concentrating the H2O2 along with removing the ionic species from the
electrolyte. The process described in this work is not the only conceivable method
for valorizing H2O2, but it demonstrates that the challenges with separation may not
have solutions that enable application of the reaction.
While future research into the reaction mechanism can be useful, it does not over-

come the obstacle of selling a product that may never recover the final separation
costs. A better approach would be to shift research focus to exploring new process
designs or separation methods for anolyte charged with H2O2. In particular, discus-
sions with end-users of H2O2 solutions or sodium percarbonate may reveal different
criteria or targets that must bemet with respect to minimum concentration, minimum
purity, or the presence of other ions. There may also be a premium that could be
paid by the customers for this “green” H2O2, which improves the economic outlook.
But the product stream specifications should be firmly established and then back
calculated as to what can be achieved at the output of a paired electrolysis system.
If the minimum requirements of the output stream cannot be met even in an ideal
case, then the concept of offsetting the high green H2 sale price by co-producing
anodic H2O2 will require a new technological breakthrough. These technological
breakthroughs could come in the form of novel electrolyzer geometries that avoid
electrolyte depletion effects, cheaper anode materials with years-long stability, or
processes designs that valorize H2O2 by a different method. Perhaps there are
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other forms of H2O2 that are viable products for sale, or other applications of the
co-produced H2O2 such as wastewater treatment that can use the H2O2 in-situ. But
any further research into the topic should be informed by the principles of electro-
chemical engineering and by the deeper understanding of the process developed
in this dissertation.
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